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Executive Summary

The goal of the U.S. Department of Energy’s Bioenergy Technologies Office (BETO) is to enable the
development of biomass technologies to:

Reduce dependence on foreign oil

Promote the use of diverse, domestic, and sustainable energy resource

Establish a domestic bioenergy industry

Reduce carbon emissions from energy production and consumption. (DOE 2013)

To meet these goals, the BETO promotes the development of liquid hydrocarbon fuels that can serve as
gasoline, jet and diesel blendstocks.

This report describes a proposed thermochemical process for converting biomass into liquid
transportation fuels via fast pyrolysis followed by hydroprocessing of the condensed pyrolysis oil. As
such, the analysis does not reflect the current state of commercially-available technology but includes
advancements that are likely, and targeted to be achieved by 2017. The purpose of this study is to quantify
the economic impact of individual conversion targets to allow a focused effort towards achieving cost
reductions.

The report updates a study published in 2009 (Jones 2009) using the most current publically available
data from PNNL, NREL and others. The fast pyrolysis of biomass is already being commercialized, while
the upgrading via bio-oil hydrotreating to transportation fuels has only been demonstrated in the
laboratory and on a small engineering development scale. The pyrolysis oil upgrading via hydrotreating
section is revised to incorporate the most recent improvements: a low temperature stabilizer reactor has
been added ahead of the two-stage hydrotreaters described in the 2009 report. Capital and operating costs
are updated to reflect the current understanding of the system.

The process presented here represents a conceptual design that considers the economics of gasoline and
diesel blendstock production assuming the achievement of internal research targets for 2017 coupled with
n™ plant costs and financing. The assumed processing capacity is 2,205 U.S. tons (2,000 metric tons) per
day of dry biomass and results in a fuel production yield of 40 gallons of gasoline per dry U.S. ton of
biomass and 44 gallons of diesel per dry U.S. dry ton of biomass. Natural gas is used to generate a portion
of the hydrogen needed for hydrotreating and electricity is purchased from the grid. The minimum
combined gasoline and diesel blendstock fuel selling price is $3.39 per gasoline gallon equivalent (lower
heating value basis) in 2011 dollars.



Figure ES-1. Summary Economic Results

Gasoline & Diesel Blendstocks from Biomass Pyrolysis and Upgrading
Conceptual Design Summary

Minimum Fuel Selling Price (MFSP)
Minimum Fuel Selling Price (MFSP)
MFSP - GGE Basis

Gasoline Blendstock Production
Diesel Blendstock Production

Gasoline Blendstock Yield
Diesel Blendstock Yield

All Values in 2011$

$3.34 $/gallon gasoline blendstock
$3.71 $/gallon diesel blendstock
$3.39 $/gge total blendstocks

28.9 million gallons/year
31.6 million gallons/year

39.9 gallons/dry US ton wood
43.7 gallons/dry US ton wood

Total Blendstock Fuel Yield

Feedstock + Handling Cost

Internal Rate of Return (After-Tax) 10%
Equity Percent of Total Investment 40%
On-Stream Factor 90%

10.1 million BTU/dry US ton wood

80.00 $/dry short ton feed

Capital Costs

Manufacturing Costs ($/GGE)

A100 Fast Pyrolysis & Quench
A100 Heat Recowery & Filtration
A200 Hydrotreating

A300 - 500 Product Finishing

A600 Hydrogen Generation
A700 Balance of Plant

$162,000,000
$13,000,000
$115,000,000
$19,000,000
$69,000,000
$9,000,000

Total Installed Equipment Cost

Added Direct + Indirect Costs
(% of TCI)

Total Capital Investment (TCI)

$387,000,000

$313,600,000
45%

$700,600,000

Feedstock + Handling 0.92
Natural Gas 0.10
Catalysts & Chemicals 0.32
Waste Disposal 0.01
Electricity and other utilities 0.09
Credits 0.00
Fixed Costs 0.53
Capital Depreciation 0.35
Average Income Tax 0.10
Average Return on Investment 0.96

3.39

Manufacturing Costs ($/yr)

Installed Capital/Annual Gallon Blendstocks 6
TCl/Annual Gallon Blendstocks 12
Loan Rate 8.0%
Term (years) 10
Capital Charge Factor (Computed) 0.128
Performance
Plant Purchased Electricity (KWh/gal blendstocks) 1.27
Water Usage (gallons/gal blendstocks) 1.49
Natural Gas (scf/gal blendstocks) 20

Feedstock + Handling $57,900,000
Natural Gas $6,200,000
Catalysts & Chemicals 20,400,000
Waste Disposal $500,000
Electricity and other utilities $5,500,000
Credits $0
Fixed Costs $33,600,000
Capital Depreciation $22,200,000
Average Income Tax $6,600,000
Average Return on Investment $60,900,000



Abbreviations

ASTM  American Society of Testing & Materials LHSV Liquid Hourly Space Velocity

BETO Bioenergy Technologies Office LHV Lower Heating Value

BBL Barrel (42 gallons) LTS Low Temperature Shift

BFW  Boiler Feed Water MACRS Modified Accelerated Cost Recovery System
BPSD  Barrels Per Stream Day MFSP Minimum Fuels Selling Price

BTU British Thermal Units MJ Mega Joule

C&D Construction and Demolition MM Million

CFB Catalytic Fluidized Bed mm Millimeters

CoMo  Cobalt Molybdenum MS Mass Spectrometry

CoD Chemical Oxygen Demand MYPP Multi-Year Program Plant

CWS Cooling Water Supply NiMo Nickel Molybdenum

CWR  Cooling Water Return NOx Nitrogen Oxides

DOE Department of Energy NREL National Renewable Energy Laboratory
DAF Dry and Ash Free PNNL Pacific Northwest National Laboratory
EISA  Energy Independence and Security Act PDU Process Development Unit

EPA Environmental Protection Agency PSA Pressure Swing Adsorption

GC Gas Chromatography RFS2 Renewable Fuel Standard

GGE Gasoline Gallons Equivalent SCF Standard Cubic Foot

GHG  Green House Gas SCFD Standard Cubic Foot per Day

GPD Gallons Per Day SCR Steam-to-Carbon Ratio

GPM Gallons Per Minute SOT State of Technology

HCK Hydrocracking SOx Sulfur Oxides

HDS Hydrodesulfurization TAN Total Acid Number

HDO Hydrodeoxygenation TEA Techno-Economic Analysis

HTS High Temperature Shift TIC Total Installed Capital

INL Idaho National Laboratory Ton U.S. ton (2000 pounds)

IRR Internal Rate of Return TPEC Total Purchased Equipment Cost

kWh Kilowatt Hour VOC Volatile Organic Carbon

Ib Pound WGS Water Gas Shift

LCA Life Cycle Analysis YR Year

Vi



Contents

EXECULIVE SUMIMAIY .....ieiiiitiitiitet ettt ettt b et n e n e e neane s iv
F AN o] o] £ T [0SR Vi
I 1010 To L1 o] o ISR PR PP 1
L.10 APPIOACK ..ottt bbb 1

1.2, Definition OF N PLANE........cvuveeieeeeeeesset ettt 2

1.3, COSt EStIMALION BaSIS......iiviiiiiiieieieiisiesisie sttt 3

2. Plant DESIGN OVEIVIEW .......ccuviiiiiiiiiieeeeieieiesie sttt b et sn b sn e 4
2.1, Feedstock and PIANt SIZE........ccciiiiiiiiie e 4

2.2, CONVEISION SUMMAIY ...cuviitiiiieiieiteeiesteeteesteste et e te st ste e e besreessesbessseseesteaseesbestaesbesaeeneesreans 4

3. Process Design and Cost ESTIMALION ..........ccuiiiiiiiiieieieecesse e 6
3.1. Feedstock Logistics, Handling and Drying .........cccccviviieiieiiiciinieiecse e 6

3.2, Area 100: FaSt PYIOIYSIS .....cvciiiiiecie ettt st sre e re e 7
3.2.1. Fast Pyrolysis DeSIgN BaSIS ..........cccourirrerierieieieisise st 10

3.2.2. Fast Pyrolysis Cost EStIMation..........ccccovviieiiiicic s 11

3.3. Area 200: Hydrotreating to HydroCarbONS ..........ccooviiiiiiniieie e 11
3.3.1. Hydrotreating to Hydrocarbons Design Basis............cvvierereieiinienincseseseeenes 16

3.3.2. Hydrotreating Cost EStIMAtiON ........c.ccceiiiieie i 16

3.4. Area 300: Product Recovery and Area 500: Hydrocracking..........ccccoovvvviiinincncniennnn. 17
3.4.1. Hydrocracking and Product Separation Design Basis...........cccccevevviiieieiecniennnn, 18

3.4.2. Hydrocracking and Product Cost EStIMation ............cccccvvvveeveieciese e, 18

3.5. Area 600: Hydrogen ProdUCTION..........ccoiiirieieieieescse st 19
3.5.1. Base Case: Conventional Hydrogen Generation............ccccovcevvevienecieseseenneenenn, 19

3.5.2. Hydrogen Generation Design BasiS ..........ccccerveiriniiiniineneieeesie e 20

3.5.3. Hydrogen Generation Cost EStIMation............ccccooviiiirinineneese s 20

3.6. BalanCe OF PIANT ......ccuiiiiiieeees et 21

4. ProCesS ECONOIMICS ...cviiiiiiiiitiiieiesie st sie sttt st e be e ste st e e sbeese e bessaeaesteeneeseeeneenrenneas 23
O I @ T o= L] T [ O ) 1SR SRR 23

4.2, Fixed Capital INVESIMENT ........cooiiiieie et 24

4.3. Minimum FUel SElliNg PriCE ......cooviiiiiiii e 25

5. Economic and Technical SENSITIVITIES .........coiiiiriiiiee e 26
5.1. Alternate H, Production Scenario: Fluidized Bed RefOrmer.........ocovvvevveveeeiiiiieeeiiieeeens 26
5.1.1. Fluidized Bed Reformer Design BasiS.........ccoeiriiirerinenieneeesese e 27

5.1.2. Fluidized Bed Reformer Cost EStimate...........ccoooviieeniiiierceee e 27

5.2. High Ash FeedStOCK SCENAIIO ........cciiiiiriirieieeie et 28

5.3. Additional Technical and Financial SensitiVities..........ccccveiiiiiii i 29

6. Environmental Sustainability MELIICS ........cccveiieiiiiiec e et srne s 31
6.1. Greenhouse Gas Emissions and FosSil ENergy USE .........ccoeverereriiinininninenesiesie e 32

vii



6.2 Fuel Yield and Biomass Carbon-to-Fuel EffiCiency ........ccccvviviviiivccccccc e 34

6.3 Water Consumption and Wastewater GENeration ...........cccoevevevvivesieeiese e 35

6.4 Metrics for High Ash Content SCENAIIO ........ccevveiiiiiiirise e 36
7. Conclusions and RECOMMENTALIONS ..........cviiiiirinie et 39
8. RETBIBINCES ... et ettt ne et e e e e 41
Appendix A: Base Case Heat and Material BalanCes .............ccoovveiiiiiiiiiineiccce e 47
Appendix B: Base Case Individual Equipment Cost Summary and Specifications ..............cccce..... 61
Appendix C: Base Case Process Parameters and OpPeration............cccuovrerenereriereeinsenese e 66
Appendix D1: CFB Reformer Heat and Material BalanCes..........cccocveveieiieieiiniieene e sie e 68
Appendix D2: CFB Reformer Capital and Operating COStS.........cccvvveveieveeiieieieeseseeiee e eeesie e 70
Appendix E: FEedSTOCK SUPPIY ... 72
AppendiX F: Compound SEIECLION.......c..oii i ns 78
APPENIX G INAICES ...ttt b et et b bbb n e 86

Figures

Figure ES-1. Summary ECONOMIC RESUILS........ccoviiiiicicie sttt st sne s v
Figure 3. Feed Handling and Drying ProCess FIOW .........cccccveiiiiiieie i 7
Figure 4. Fast Pyrolysis ProCess FIOW ..........ccociiiiiiiiiiiiiiciee e 9
Figure 5. Examples of Hydrotreating REACHIONS ..........cc.cciiiiiiiiieie e 12
Figure 6. Reactivity Scale of Oxygenated Groups under Hydrotreatment Conditions.................... 13
Figure 7. Bio-Oil Upgrading ProCess FIOW ............ccoiiiiiiiiiiiieii s 14
Figure 8. Hydrocracking and Product Recovery Process FIOW .........cccceviiieviiiccc e, 17
Figure 9. Hydrogen Production ProCeSS FIOW ............ccciiiiiiiiiiiiniiisi e 19
Figure 10. Carbon Content of HDO AQUEOUS PhaSE .........coiiiiieiiiiiiiresic s 22
Figure 11. Sensitivity ANalySiS RESUILS .........coiiiiiiiiccce et 29
Figure 12. Contributing Processes to Conversion GHGs for Fast Pyrolysis and Upgrading............ 33
Figure 13. Life Cycle GHG Emissions for Fuel from Fast Pyrolysis and Bio-o0il Upgrading of

Southern Pine and FOreSt RESIAUE ........ccvviiiieieciee sttt seesnae e nne s 34
Figure 14. Contributing Processes for Consumptive Water Use for Fast Pyrolysis and Upgrading 35
Figure 15. Effect of Biomass Ash Content on Conversion GHGS...........ccccvveiiiiiie e 37
Figure 16. Effect of Biomass Ash Content on Lifecycle GHGs (for pine feedstock).............c.c...... 38
Figure E-1. Wood Biomass Feedstock SUPPIY SYSEEM........ccooiiiieieie e 73
Figure E-2. Example of the Spatial and Temporal Variability of Corn Stover Characteristics such

as % Ash Content, % Glucan Content and % Xylan. ........ccocoviiiiiiiiiiene e 75
Figure F-1. Hydrotreated Oil Distillation Curve by ASTM D2887 ...........cccovviiniiniiiiiicicce, 84

viii



Tables

Table 1. N" Plant ASSUMPLIONS. ..........cverveereeereseeisssessesesseesseessssssssssssesssesssesssesssessessesssss s sssnsan 2
Table 2. Feedstock and Processing ASSUMPLIONS .......cc.eivereieirinisesesie e 4
Table 3. The Effect of Feed Type and Ash on Fast Pyrolysis Qil Yield (Oasmaa 2010) .................. 6
Table 4. Costs and Specifications for Woody Feedstocks and BIends .............cccoovvoviiiiiniicncncnnnn. 6
Table 5. Fast Pyrolysis Modeled YIelds ..........ccoiiiiiiiiiiiiiesiee e 10
Table 6. Area 100 DeSIgN BaSiS.......cciiiiiiieiiiiee sttt sre et e et e e sreeneebeare s 11
Table 7. Catalysts for Bio-Oil Hydrotreating (Wang 2013) .......c.ccoivririreneieeeesese e 14
Table 8. Design Basis fOr Area 200 ..........cccieiieiiiieiiiii et se et e e sre e e sresreesresre s 16
Table 9. Hydrotreating Area Capital COSES.......c.ciiiiiiiiiiiieieie ettt sre s 17
Table 10. Areas 300 and 500 DESIGN BaSIS ........ciuiiriririeiiiieieieist e 18
Table 11. Hydrocracking and Product Separation Capital COStS..........ccccvvvevieiiiiieneiieie e 18
Table 12. Area 600 DESIGN BaSIS.......cc.eiieiieiieiieieie et st ste e ste e esre s e be s e e seesbaeneesrestaesresreas 20
Table 13. Process Water DEMANGS .........ccccueieeeerierreienieseesiesteeeeseesseesaesseeseessesseessessesseessnssesssessens 21
Table 14. Variable Operating Cost ASSUMPLIONS........c.cciiiiiiiiiiiiie e seese e sre e sre e e sre s 23
Table 15. Fixed Operating Costs and ASSUMPLIONS ..........coveiiiririnieriesie e 24
Table 16. Total Project INVESIMENT.........cc.oiiiiiiiie e 25
Table 17. Design Performance for the Reforming Catalyst (Dutta 2011, Dutta 2013).........c.......... 27
Table 18. Comparison of Hydrogen Generation SCENAIIOS .........cevveverereeieresieesieseeeeeseeseeseeseeas 28
Table 19. Effect of Higher ASh BIOMASS ........cccvciuiiiiiiiiiieie ettt sre st sne s 28
Table 20. Sustainability Metrics for Fast Pyrolysis and Upgrading ..........c.ccccoevvvveveiiiiciecieiennns 31
Table 21. Data Sources and Assumptions for Fuel Life Cycle GHG Analysis ..........cccoverinenenns 33
Table 22. Effect of Higher Ash on Sustainability Metrics for Fast Pyrolysis and Upgrading......... 36
Table D-1. Capital Cost Estimate for Fluidized Bed Reformer (2011 k$). ......cocevvvvivreiiiiiinininns 70
Table D-2. Variable Operating COSES. ........couiiiiiiiirierierieriee et 71
Table D-3. FEed and ULHTIES. ......coiiieieieieieesece ettt 71
Table E-1. Example of Variability in Corn Stover COmpoSItioN. .........c.cooererieininiiinine e 73
Table E-2. Potential Increase in Volume of Biomass Available as a Result of Blending Biomass

at an Example Grower Payment of $40/dry ton (KDF 2013). .....ccccoeviirinenneine e 74
Table E-3. List of Costs and Specifications for Woody Feedstocks and Blends for

Thermochemical CONVEISION .........cccveiuiiieiiiict ettt e st sresraeaenne s 77
Table F-1. Example Chemical Types in Ping Bio-0il ..........cccoovioiiiiiiiieeeeeee e 78
Table F-2. Model Compounds Used to Represent Bio-0il..........ccccoouviiiriniiiiieiniienese e 79
Table F-3. Molecular Structures, and Physical and Chemical Properties for User Defined

COMPOUNTS ...ttt b bbbttt et e b e b et e bt bt b e 80
Table F-4. Characteristics of Solid Char from Fast PYrolysis .........ccoccoooivieiiiiiieniiee e 81
Table F-5. Model Compounds Representing Mild Hydrotreating Products.............cccoceevvvveennnens 82
Table F-6. Upgraded Oil Model COMPOUNGS .........oiiieiiieiiieisisie st 83



Table F-7. Hydrotreated Oil Element Balances and Properties..........ccccvveveveiiieresieeseseeiesiesneas 83

Table F-8. Model Compounds and Their GENEric NAaMES ........c.ccevveeeieiieieeieseese e eee e see e sreas 85
Table G-1 Labor INGICES ......ooi ittt saeste et e saeeneenrenne s 86
Table G-2 Capital CoSt INAICES......cccveiiiicie et esresre s 86
Table G-3 Inorganic Chemical INQICES ..o 86



1. Introduction

The goal of the Bioenergy Technologies Office (BETO), as stated in the Multi-Year Program Plan
(MYPP), is to enable the development of biomass technologies to:

Reduce dependence on foreign oil

Promote the use of diverse, domestic, and sustainable energy resource

Establish a domestic bioenergy industry

Reduce carbon emissions from energy production and consumption (DOE 2013).

In recent years, BETO completed a number of techno-economic evaluations of both biological and
thermochemical pathways for converting biomass to fuels. These evaluations, termed “design cases”,
provide a detailed basis for understanding the potential of various conversion technologies and help
identify technical barriers where research and development could potentially lead to significant cost
improvements. Consistent assumptions for items such as plant lifetimes, rates of return, and other factors
were used in all cases so the various conversion pathways could be assessed on a comparative basis.

The purpose of this report is to evaluate the conversion of biomass into infrastructure-compatible
hydrocarbon fuels via fast pyrolysis followed by the catalytic upgrading of condensed pyrolysis vapors.
This report builds upon the 2009 design report (Jones 2009) and is updated with the most recent
laboratory and commercial data. The pathway presented here represents a goal case targeting performance
potentially available between now and 2017. The fast pyrolysis of biomass is already being
commercialized, while the upgrading of the bio-oil to transportation fuels has only been demonstrated in
the laboratory and on a small engineering development scale. As such, the analysis does not reflect the
current state of commercially-available technology but includes advancements that are likely, and
targeted to be achieved by 2017.

This report also provides the basis for the annual technical and economic goals leading to the overall
BETO programmatic 2017 cost target of $3/gasoline gallon equivalent (gge) fuel. Research improvements
will be incorporated into the models and reported in the annual state of technology assessments (Jones
2012, Jones 2013) then compared to the conversion goals set forth in this report.

1.1. Approach

The approach to developing techno-economics is similar to that employed in previous conceptual
conversion pathways and associated design reports produced for BETO (Aden 2002, Spath 2005, Phillips
2007, Jones 2009, Dutta 2011, Humbird 2011). Process flow diagrams and models are based on research
results from completed and ongoing research at PNNL, NREL and INL, other research organizations, as
well as information from commercial vendors for mature and similar technologies. The process models
are developed using commercial process flow simulation software tools such as CHEMCAD
(Chemstations 2013) and Aspen Plus (Aspentech 2013). The heat and material balances from the
simulation models are used to estimate the capital and operating costs. These are then assembled in a
Microsoft Excel® spreadsheet employing a discounted cash flow analysis to estimate the minimum
product selling price.



This approach is summarized in Figure 1:

Process Model in
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Figure 1. Techno-Economic Analysis Approach

1.2. Definition of n'" Plant

A standard reference basis common to the BETO reports, known as the “n™ plant design is used. These
assumptions do not account for additional first of a kind plant costs, including special financing,
equipment redundancies, large contingencies and longer startup times necessary for the first few plants.
For n™ plant designs, it is assumed that the costs reflect a future time when the technology is mature and
several plants have already been built and are operating. The specific assumptions are shown in Table 1.

Table 1. N" Plant Assumptions

Assumption Description Assumed Value
Internal rate of return 10%
Plant financing debt/equity 60% / 40% of total capital investment
Plant life 30 years
Income tax rate 35%
Interest rate for debt financing 8.0% annually
Term for debt financing 10 years
Working capital cost 5.0% of fixed capital investment (excluding land)
Depreciation schedule 7-years MACRS' schedule
Construction period 3 years (8% 1% yr, 60% 2™ yr, 32% 3" yr)
Plant salvage value No value
Startup time 6 months
Revenue and costs during startup Revenue = 50% of normal

Variable costs = 75% of normal
Fixed costs = 100% of normal

On-stream factor 90% (7884 operating hours per year)
! Modified Accelerated Cost Recovery System



1.3. Cost Estimation Basis

All costs in this report are on a 2011 constant dollar basis. This is the current reference year that the
BETO uses to facilitate comparison of various conversion technologies (DOE 2013). Indices used to
convert capital and operating costs to the 2011 dollars can be found in Appendix G.

Capital costs are estimated from a variety of resources. The heat and material balances generated by the
simulation software (CHEMCAD or Aspen Plus) are used to size the major pieces of equipment. These
are input into Aspen Capital Cost Estimator software (reported in 1 quarter 2011 costs) to determine the
installed capital cost. In addition, select data from commercial vendors, either as budgetary estimates or
from their published literature are used when available.

The original cost reflects the year of the cost quote or estimate, and the scale of the equipment. All capital
costs are adjusted to an annualized 2011 basis using the Chemical Engineering magazine’s published
indices:

2011 index = 585.7 )

Cost in 2011 $ = Equipment cost in quote year x ( Quote cost year index

The scale is adjusted to the match the appropriate scaling term (heat exchanger area for example) by using
the following expression:

. . Current capacity \"
Current equipment cost = Cost at original scale x ( — - )
Original capacity

Where ‘n’ is the scale factor, typically, 0.6 to 0.7.

Once the equipment is scaled and adjusted to the common cost year, factors are applied to calculate the
total capital investment. Individual installation factors calculated by Aspen Capital Cost Estimator are
multiplied by equipment costs, unless installed costs are already available from vendors. The total direct
cost is the sum of all the installed equipment costs, plus the costs for buildings, additional piping and site
development (calculated as 4%, 4.5% and 10% of purchased equipment, respectively) . Indirect costs are
estimated as 60% of the total installed costs. The sum of the direct and indirect costs is the total capital
investment.



2. Plant Design Overview

This section describes the basis for the plant scale, feedstock type and general characteristics of the
conversion units.

2.1. Feedstock and Plant Size

The feedstock is a low ash, woody biomass delivered at 30 wt% moisture. The feedstock cost includes
the capital and operating costs for drying biomass to 10 wt% moisture and grinding to 2-6 mm. The
ultimate analysis for the feedstock is presented in Table 2. Process heat is provided by the conversion
plant to dry the biomass from 30 wt% to 10 wt% maoisture.

Table 2. Feedstock and Processing Assumptions

Component Weight % (dry basis)
Carbon 50.94
Hydrogen 6.04
Nitrogen 0.17
Sulfur 0.03
Oxygen 41.90
Ash 0.9
Heating value (Btu/Ib) 8,601 HHV

7,996 LHV

The plant capacity is 2205 dry U.S. tons per day (2000 metric tons per day) of bone dry wood. Hereafter,
all references to tons in this report refer to U.S. tons (2000 pounds).

2.2. Conversion Summary

A simplified block diagram of the overall design is given in Figure 2. The major processing areas are as
follows:

Area 100 Fast Pyrolysis: biomass is heated to approximately 932°F (500°C) in less than two seconds at
atmospheric pressure, and then rapidly cooled to stop the reaction. The cooled pyrolysis products are
primarily liquid (water and organic compounds). Solid char mixed with biomass ash, and non-
condensable gases are also produced.

Area 200 Hydrotreating: the fast pyrolysis liquid product or bio-oil is deoxygenated by catalytic
hydrotreating at elevated pressures in an excess of hydrogen. Multiple fixed bed reactors are used with a
staged increase in processing severity with each reactor in order to reduce overall coking. The upgraded
oil is deoxygenated to less than 2 wt% oxygen.

Area 300 Product Separation: the wide boiling range finished oils from hydrotreating and hydrocracking
are fractionated into gasoline and diesel boiling range blendstocks.



Area 400 Fuel Gas Collection: off-gas from fast pyrolysis and the upgrading sections are collected and
routed to the hydrogen plant and to process heaters.

Area 500: Hydrocracking: the heavy hydrocarbon fraction from the hydrotreated oil is cracked to

additional gasoline and diesel blendstocks in a reactor system similar to that used in conventional
refineries.

Area 600 Steam Reforming: hydrogen for hydrotreating is produced by steam reforming of natural gas
mixed with the off-gases from the hydrotreater and pyrolysis reactor.

Balance of Plant: Wastewater treatment, cooling water, tank farm, and flare are included in this section.
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Figure 2. Simplified Flow Diagram for the Overall Process



3. Process Design and Cost Estimation

The standalone biorefinery is assumed to include feedstock reception, fast pyrolysis, hydrotreating and
hydrocracking of pyrolysis oil, separation of upgraded oil to gasoline and diesel fuel blendstocks, and
hydrogen generation. Process utilities include cooling water, on-site generated steam and electricity, and
purchased electricity.

3.1. Feedstock Logistics, Handling and Drying

Woody feedstock is brought from the field to the conversion plant to meet a specific set of requirements.
The details of the feedstock logistics and the rational for the feedstock cost and specifications are
provided by the Idaho National Laboratory (INL) and are summarized in Appendix E. Forest thinnings
and logging residues and construction and demolition (C&D) wastes are low cost resources to procure,
but also have unfavorable quality specifications, specifically high ash content. The ash type and quantity
will have an effect on the yield of fast pyrolysis oil as certain ash constituents can cause an increase in the
gas production at the expense of condensable liquid (Table 3).

Table 3. The Effect of Feed Type and Ash on Fast Pyrolysis Oil Yield (Oasmaa 2010)

Feedstock % Ash Organic Yield
3-5mm, 7% moisture (dry basis) wt% on Dry Feed
Pine (20 kg/h PDU) 0.1wt% 64%
Pine (300 kg/h unit) 0.1wt% 62%
Forest Residues 2 -4 wt% 46 — 55%
Straws & Hay 3 -6 wth 36 — 45%

Because these biomass resources are low cost, supply chains that include active ash management
preprocessing unit operations can be purchased. Prior to preprocessing, certain resources can be blended
to reduce the overall percentage of ash and moisture, thereby reducing the costs and severity needed to
reduce the ash to in-feed specifications. Table 4 shows an example formulation.

Table 4. Costs and Specifications for Woody Feedstocks and Blends

Feedstock Reactor Throat Feedstock ~ Formulation % Ash Delivered to Throat

Cost ($/dry ton)? Fraction (%) of Conversion Reactor
Pulp 99.38 30 0.5
Logging Residues® 74.83 35 1.5
Switchgrass 80.54 10 2.8
C&D Wastes 63.77 25 0.5
Formulation 80.00 100 11
Totals

! residues do not include costs for harvest and collection; they are moved to landing while attached to the merchantable
portion of the tree (for example, timber or pulpwood)

Zincludes ash mitigation



The C&D wastes are incorporated because of its low access fee cost and its low ash content. This is only
an example; the actual blends will be regionally based designs that take advantage of local feedstocks and
their biomass characteristics. Additionally the ability to blend feedstocks to a specification has the
potential to reduce some of the risks associated with the seasonality of feedstocks.

Currently, the forest thinnings and logging residues are both reduced to 1.05% ash after a chemical
pretreatment. C&D wastes will undergo a low severity pretreatment and the ash content will be reduced to
0.9%. The purpose grown pine is debarked and chipped at the landing resulting in an ash content of 0.5%.
The blended material will be delivered to the conversion facility a 2 wt% ash. A further pretreatment
operation will be performed on the blended material that will reduce the ash to the required 0.9%. It is
important that the pretreatment operation be inexpensive or offset the costs by improving other
operations, such as conversion yields, decrease grinding or pelletizing costs. There are a number of
chemical pretreatment options being explored that will reduce the ash. INL is focusing on these
pretreatment technologies but the goal is to meet both the $80 per short ton cost target and 0.9% ash
specifications assumed in this report.

Blended woody feedstock is supplied as shown in Figure 3. Although in this report the heat for biomass
drying is supplied from the conversion plant, future feedstock supplies will be dried at the depot using a
local heat source.
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Figure 2. Feed Handling and Drying Process Flow

The feedstock is dried from 30 wt% (as received) to 10 wt% moisture content using hot flue gas from the
pyrolysis reactor char combustor. The combustion exhaust is fed to the dryer at 584°F (307°C) with an
oxygen content of approximately 5-10% by volume to avoid feedstock combustion (Searcy 2010). The
flue gas temperature must be higher than the water dew point to avoid any corrosion and low enough to
avoid combustion. The flue gas temperature is adjusted by cooling and air makeup before being fed to
the dryer. After the drying step, the feedstock is ground to 2-6 mm particle size to yield sufficiently small
particles, ensuring rapid reaction in the pyrolysis reactor.

3.2. Area 100: Fast Pyrolysis

Pyrolysis is the thermal decomposition of carbonaceous material in the absence of oxygen to produce
solid char, gas, and a liquid product. Residence times for fast pyrolysis are on the order of seconds (Basu



2010). After rapidly quenching the pyrolysis vapors and aerosols, three product phases are formed. The
yields of each phase depend on the operating conditions, reactor design and feedstock characteristics,
including ash content and the relative amounts of cellulose and lignin. The products are:

Fast pyrolysis liquid: (also known as bio-oil and pyrolysis oil) is obtained after vapor condensation. Bio-
oil is black or dark brown and free flowing at room temperature and typically contains less than 30% of
water and hundreds of oxygenated components (Elliott 2013). It is mostly immiscible in hydrocarbon
liquids and can be upgraded by hydrotreating to lower the oxygen content and decrease hydrophilicity.

Solid char: is primarily composed of carbon. It is separated from the fast pyrolysis vapors and aerosols by
cyclone. This solid product can be used as fuel.

Non-condensable gas: is collected during vapor condensation. The gas is recycled internally as fluidizing
gas for the fast pyrolysis reactor and/or collected for fuel use.

There are several types of pyrolysis reactor configurations:

o Ablative pyrolysis: Mechanical pressure is used to press biomass against a heated reactor wall,
essentially melting the biomass and evaporating the resulting vapors. The two main advantages
compared to other reactor types are that inert gas is not required and larger feedstock particles can be
used. However, scaling is a linear function of the heat transfer area and does not benefit from the
same economies of scale as the other systems. The system is also slightly more complex due to the
mechanical nature of the process (IEA 2007). The PYTEC system in Germany produces
approximately 4.4 tons per day of pyrolysis oil (Meier 2013).

o Auger Pyrolysis: This reactor uses a screw to mix a heat carrier and biomass, and is typically limited
in size and potential to scale-up. Karlsruhe Institute of Technology has developed a 13.2 tons per day
twin-screw mixing pyrolysis reactor (Bioliq 2013). It is designed to produce a slurry mixture of bio-
oil and char that can be transported to a centralized gasification and Fischer-Tropsch plant.

e Entrained Flow Pyrolysis: This reactor configuration is popular for studies of thermochemical
conversion kinetics and investigations of pressure effects. Feed material is typically fed into the top of
the reactor, co-current with a gas stream. The flow through this configuration is assumed to
approximate plug flow, with residence time controlled by the length of the heated zone. Char buildup
and inefficient heat transfer can be a troublesome tradeoff for these simple and inexpensive reactors.
Liquid yields are usually lower than fluid bed systems (Bridgwater 2008).

e Rotating Cone: This reactor combines biomass and hot sand at the bottom of the vessel and mixes the
solids using a rotating cone inside the vessel. Hot pyrolysis oil vapors leave near the top of the
reactor and are passed through several cyclones to remove fine particles before being condensed by
direct contact with recirculating cooled oil. No carrier gas is needed, resulting in smaller downstream
equipment. A 2.2 ton per day plant operating on palm oil empty fruit bunches was commissioned in
Malaysia in 2006 and a 5.5 ton per day plant is in development (BTG 2013).

o Bubbling Fluidized Bed Pyrolysis: Here, biomass is introduced to hot sand fluidized by recirculated
product gas. This technology is well understood, simple to construct, can operate on large scales, and
is very efficient in transferring heat to the biomass, resulting in high liquid yields. Small biomass
particle sizes are required in order to obtain high heating rates (Bridgwater 2008).



¢ Circulating Fluidized Bed Pyrolysis: Similar to bubbling fluidized beds, these configurations circulate
hot sand between the pyrolysis reactor and a sand re-heater. Char or product gas and char are burned
to provide heat to the sand re-heater. Circulating beds are widely used at very high throughputs in the
petroleum industry and are potentially suitable for large biomass throughputs as well. Ensyn operates
a 110 ton per day plant in Canada and has designed a 440 ton per day skid mounted unit (Bridgwater
2008, Ensyn 2012). Fortum announced an integrated combined heat and power plant in Finland using
a circulating fluid bed pyrolyzer, where 55,000 tons per year of pyrolysis oil is expected to be
produced starting in the fall of 2013 (Fortum 2013).

A circulating fluidized bed was chosen as the representative pyrolyzer for this report as this design is the
most likely to be scalable to the assumed feed rate. Figure 4 shows the simplified flow diagram for the
fast pyrolysis and bio-oil quenching area.
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Figure 3. Fast Pyrolysis Process Flow

The dried, finely ground biomass is fed to the reactor operating at 932°F (500°C). Sand is used as a heat
carrier and the residence time is less than two seconds. The biomass is converted into a mixture of vapors
and char. A series of cyclones separate the sand and char from the vapors. The hot vapors are rapidly
guenched in a two-stage system with previously condensed and cooled bio-oil and non-condensable gases
are separated from the condensed bio-oil (Solantausta 2003, Freel 1998). In the first stage, most of the
condensable products are removed using recirculated and indirect air-cooled bio-oil. The second stage
operates at a lower temperature by indirect water cooling of the recirculating bio-oil. High temperature
heat recovery is not included because of the likelihood of severe fouling in the recuperators (Johnson
2006). Most of the gases are recycled back to the pyrolysis reactor to assist fluidization. Char and a
portion of the gas are burned to heat the circulating sand. The remaining gas product is sent to the
hydrogen plant. The cooled pyrolysis oil is filtered before being processed in the hydrotreaters.



Reported char combustor temperatures are in the range of 1171°F (633°C) (Coll’Energia 2013) to 1400°F
(760°C) (Trebbi 1997). The sand temperature is assumed to be the same as the char combustor operating
temperature which is high enough to increase the reactor inlet temperature (dried feedstock + fluidized
gas + sand) to 932°F (500°C). Silicon dioxide is used to represent sand as the heat carrier in the
simulation. The sand to biomass weight ratio is reported to be in the range of 10-20 and the fluidization
gas to biomass weight ratio is in the range of 2-9, with the exact conditions dictated by process conditions
and the reactor design (Freel 1998, Peacocke 1997, Solantausta 2003).

Fast pyrolysis product yields have been published for various feedstock types (Oasmaa 2010). Fast
pyrolysis liquid contains some solids such as residual sand and char which must be removed before
hydrotreating. Filtering removes the solids as a mixture of oils and solids. A possible use for the filter
retentate includes burning it for power generation or feeding it back to the fast pyrolysis reactor (Frey
2012). For this design, the bio-oil filter retentate is assumed to be burned in the sand heater. The
assumptions used to determine the yields of model compounds representing pyrolysis oil are described in
detail in Appendix F.

3.2.1. Fast Pyrolysis Design Basis
The model assumptions are shown in Table 5.

Table 5. Fast Pyrolysis Modeled Yields

Product Property or Base Case Assumption  Typical Values
compound (IEA 2007)

Qil Weight % of dry 64 wt% in the reactor 55 — 65 wt% for
biomass 62 wt% after filtration low ash feed
Carbon, wt% DAF" 56.61 Wt% 56%
Hydrogen, wt% DAF 6.61 wt% 6.5%
Oxygen, wt% DAF 36.77 wt% 37.5%
HHV, MJ/Kkg 16.9 17
Density, g/ml 1.2 1.2

Reaction water Weight % of dry 12 wt% 5-12 wt%
biomass

Char &ash Weight % of dry 12 wt% 12 - 16 wt%
biomass

Gas Weight % of dry 12 wt% 12 -16 wt %
biomass
Cco 46 wt% of gas
CcoO, 43 wt% of gas
CH, 6 wt% of gas
C,+ 5 wt% of gas
H, <1 wt% of gas

! DAF = dry ash free

The design basis for the biomass dryer, fast pyrolysis reactor and char combustor are presented in Table
6. The hot air flow rate and temperature to the dryer is based on discussions with INL regarding the dryer
operation.
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Table 6. Area 100 Design Basis

Process

Biomass Drying — Flue gas to dryer

Flue gas exiting sand heater

Flue gas plus additional air rate

Flue gas + added air temperature at dryer inlet

Flue gas + added air oxygen content
Fast Pyrolysis Reactor

Sand to biomass ratio

Fluidized gas to biomass ratio

Hot Sand temperature

Reactor inlet temperature

Heat loss
Char Combustor

Excess oxygen

Temperature

Heat loss
Cold Filter

Cold filter bio-oil loss

Assumption

1128°F (609°C)

572,700 Ib/h

584°F (307°C)

10% maximum by volume

14.5 wt/wt

3 wt/wt

1128°F (609°C)
932°F (500°C)

1% of biomass LHV

20%
1129°F (609°C)
1% of biomass LHV

2 wt% of dry biomass

3.2.2. Fast Pyrolysis Cost Estimation

The capital costs used are based on published inside battery limit costs for a 440 tons dry biomass per day
commercial unit of $38 million +40% excluding front-end material handling, utilities, offsite
requirements, product storage, foundations, site preparation, buildings, spares, safety containment, fire
water systems, wastewater system, startup fuel systems, emissions control, and installation (Envergent
2009). It is assumed that the n" plant cost for this unit will scale to 1100 tons per day and that two 1100
ton per day units are used in parallel. A budgetary estimate for a cold filter was obtained from the Pall
Corporation. Costs for the air compressor and heat recovery were estimated using Aspen Capital Cost
Estimator (Aspentech 2013). These costs are detailed in Appendix B.

3.3. Area 200: Hydrotreating to Hydrocarbons

Hydrodeoxygenation can stabilize bio-oil and convert it to a conventional hydrocarbon fuel. Hydrocarbon
hydrotreating to remove nitrogen and sulfur is a common and well established refinery process (Al
Sabawi 2012). However, oxygen removal on the scale needed to upgrade pyrolysis oil is much less
developed. Bio-oil hydrotreating involves contacting the bio-oil with a large excess of hydrogen and
produces gas and two liquid fractions. The compounds in the gas product are light hydrocarbons and
carbon dioxide (Elliott 2012). The liquid products consist of hydrocarbon oil and an aqueous phase,
which separate easily. The aqueous phase carbon content depends upon the degree of bio-oil
deoxygenation. The hydrocarbon oil yield and quality is dependent on catalyst selection, reactor
configuration and hydrotreating conditions. Fixed bed reactors similar to the ones used in conventional
hydroprocessing of petroleum to finished fuels can be used. An alternate reactor configuration, known as
an ebullated bed, is also under development at the bench scale for this application (Elliott 2013). The
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ebullated bed is a liquid phase fluidization reactor using the dilute phase and the agitation of catalyst
particles to eliminate the possibility of plugging the catalyst bed. The degree of the deoxygenation in the
ebullated bed, however, is not expected to be as high as in the fixed bed. Fixed bed reactors are assumed
in this study.

Single-stage hydrotreating has proved to be difficult, producing a heavy, tar-like product. Multi-stage
processing, where mild hydrotreating is followed by more severe hydrotreating, has been found to
overcome the reactivity of the bio-oil and prevent catalyst coking (Elliott 2007). Low temperature
hydroprocessing can be used to pretreat the unstable bio-oil in order to reduce the most reactive
oxygenated compounds before completely deoxygenating the oil under more severe hydrotreating
conditions (higher temperature, lower space velocity) (Elliot 2013).

Chemical reactions during bio-oil hydrotreating are very complex. Overall, pyrolysis oil is almost
completely deoxygenated by a combination of hydrodeoxygenation and decarboxylation, with oxygen
removed in the form of water and carbon oxides. Example reactions are shown in Figure 5 taken from
Zacher et al. (2013):

Hydrogenation R - R
1\/\R2 + Hy \/\R2
Oxygen Removal: OH
Hydrodeoxygenation + Ho S O + H,0
/Dehydration
Decarbonylation H
—_— A + co
)\\ R
R™ O
Decarboxylation OH
o \O — g ' co,
Fragmentation:
Crackin Ry
g \/\/\Rz — R+ Hzc/\Rz
Hydrocracking R
HsC
R1\/\R2 * T e, * TR,

Figure 4. Examples of Hydrotreating Reactions

The reactivities of oxygenated compounds in bio-oil in the presence of catalysts are known to depend on
the processing temperature. A hydrotreatment reactivity scale for various bio-oil oxygenated groups
developed by E. Laurent is shown in Figure 6 (reprinted with permission from Elliott 2007).
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Figure 5. Reactivity Scale of Oxygenated Groups under Hydrotreatment Conditions

Proper selection of hydrotreating catalysts and optimum operating conditions can help control reaction
selectivity and minimize hydrogen consumption. Several types of catalysts for bio-oil upgrading have

been studied (Elliott 2007, Wang 2013). A recent study by Wang (2013) reviews hydrotreating of
pyrolysis oil and model compounds; catalysts types tested are shown in Table 7.
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Table 7. Catalysts for Bio-Oil Hydrotreating (Wang 2013)

Catalog

Catalysts

Mo-based sulfides

Noble metals

Base metals
Metal phosphides

Other metal catalysts

Bifunctional catalysts

Bulk or supported MoS;, Ni-MoS,, Co-MoS,

Supported Ru, Rh, Pd, Pt, Re, Pt-Rh, Pd-Rh, Pd-
Cu, Pd-Fe, Pr-Re, Ru-Mo; Ru, Pt,Ph nanoparticles

Supported Cu, Ni, Ni-Cu, Ni-Fe and Raney nickel
Supported Ni,P, MoP, CoMoP, Fe,P, WP and RuP

Bulk Ni-Mo-B, supported nitrides (Mo,N) and
carbides, (Mo,C); supported Mo-based oxide
(M00Oy), M0oOy)

Noble metal or base metal catalysts with aqueous
acid including CH;COOH, H,PO,, and Nafion or
solid acid including HZSM-5, H-Beta, H-Y,
sulfated zirconia and supported Nafion; metals
including Pt, Pd and Ni supported on acid solid
including HZSM-5, H-Beta, Hy and bulk acidic salt

The filtered bio-oil product from the pyrolysis unit is pumped to high pressure, then combined with
compressed hydrogen and preheated. The primary objective of this section is to upgrade bio-oil to
infrastructure-compatible fuels. Single-stage hydrotreating of bio-oil produces a tar-like product (Elliott
2007); in addition, the catalyst life is short as raw bio-oil is a mixture of reactive oxygenated compounds
and is thermally unstable. Accordingly, the upgrading process is performed in multi-stage fashion with
increased processing severity in each subsequent stage, as shown in Figure 7.
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Figure 6. Bio-Oil Upgrading Process Flow
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Bio-oil is first pretreated in a stabilization bed under relatively mild process conditions, 284 to 356°F (140
t0180°C) and 1200 psia, followed by processing under more severe hydrotreating conditions in the 1* and
2" stage hydrotreating reactors (Jones 2013). The 1% stage hydrotreating reactor is designed as a single
bed catalytic reactor operated at 356 to 482°F (180 to 250°C) and 2000 psia. The 2™ stage hydrotreating
reactor is operated at a higher temperature of 662 to 797°F (350 to 425°C).

Limited data are available to understand the conversion products from the stabilizer and the first stage
reactor. Detailed product analysis is needed to understand what compounds are being formed and which
are disappearing. For model development purposes, reactions and intermediate products from the
stabilization bed and the 1* stage hydrotreating reactor are estimated based on the reactivity scale of
oxygenated groups shown in Figure 6. At the given conditions, the stabilizer is likely to be converting
carbonyls and olefins with very little hydrogen consumption and a slight exotherm. Similarly, the first
stage converts more of these reactive compounds, again with low hydrogen consumption and a mild
exotherm. Future work will consider the need for the first stage reactor. The second stage reactor
converts the remaining oxygenated compounds to hydrocarbons and saturates some of the aromatics. The
exotherm in this reactor can be large, and heat management is necessary. It is likely that this reactor will
be operated in a fashion similar to hydrocrackers, where multiple beds in a single vessel are each cooled
with cold hydrogen. For the 2™ stage hydrotreating reactor, product yields, gas and liquid product
compositions and the hydrotreated oil distillation curves are derived from PNNL experimental data.
Details of reaction conversions, product yields and process conditions of each hydrotreating reactor are
summarized in Appendix C.

Products from the last hydrotreating stage are gas and two liquid fractions. The liquid fractions are an
aqueous phase and stable hydrocarbon oil phase. The gas product is primarily non-condensable
hydrocarbons (methane, ethane, propane, butane), carbon dioxide and excess hydrogen. The carbon
dioxide concentration is smaller compared to the hydrocarbons (Elliott 2012). Excess hydrogen is
assumed to be recovered by pressure swing adsorption and recycled. The separated aqueous phase
product is heavier than the hydrotreated oil phase and contains very little carbon (Elliott 2012), typically
less than a half percent by weight. The second stage hydrocarbon product contains less than 2 wt%
oxygen. The hydrocarbon product is fractionated into gasoline blendstock, diesel blendstock and heavies.
The heavy fraction is assumed to be hydrocracked in a separate reactor that is described in the next
section. The product yield strongly depends on process parameters such as hydrotreating conditions,
catalyst selection and target product quality (density and oxygen content).

In the studies of bio-oil hydrodeoxygenation, various catalysts, different in active phases, promoters and
supports, have been well documented (Wang 2013, Zacher 2013). Sulfided molybdenum based catalysts
seem to be well-known and commonly used in the modern hydrotreating processes for bio-oil. Good oil
yields and near complete deoxygenation have been achieved at PNNL with such catalysts (Elliott 2013).
However, this type of catalyst is not as effective in the stabilization bed, which is designed to reduce the
bio-oil reactivity under mild temperatures. Ruthenium-based catalysts work well in this service because
they can effectively operate at low temperature to convert highly reactive carbonyl groups to less reactive
species. However, the ruthenium-based catalysts may not be suitable for the 2" stage hydrotreating
reactor because they can promote methane production at higher temperatures (Elliott 2013). Final
catalyst selections are yet to be determined. In this report, ruthenium-based catalysts on carbon supports
are assumed for the stabilizer and the 1* bed, and a molybdenum based catalyst for the final bed. All
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catalysts are assumed to have a target 1-year life before complete replacement. Pre-sulfided catalysts for
the 1% and 2" stage hydrotreating are assumed. The naturally low sulfur content of wood derived
pyrolysis oil may remove sulfur from the catalyst over time. A makeup stream of sulfiding agent, such as
dimethyl sulfide, may be needed to maintain the catalysts in a sulfide state. Future research will help
determine if this treatment is needed for effective deoxygenation.

3.3.1.
The main process variables for Area 200 are shown in Table 8.

Hydrotreating to Hydrocarbons Design Basis

Table 8. Design Basis for Area 200

Reactor Assumption
Stabilizer
Temperature 284 °F (140 °C)
Pressure 1200 psia

Liquid hourly space velocity
1°* Stage hydrotreater

Temperature (maximum outlet)

Pressure

Liquid hourly space velocity
2" Stage hydrotreater

0.5 volume/h/volume catalyst

356 °F (180 °C)
2000 psia
0.5 volume/h/volume catalyst

Temperature (maximum outlet) 770 °F (410 °C)

Pressure 2000 psia

Hydrogen partial pressure at outlet 1300 psig

Liquid hourly space velocity 0.22 volume/h/volume

catalyst

Lights removal column (T290)

Number of stages 40

Tray efficiency 0.75

Top pressure 65 psia
Other metrics

Total liquid feed to stabilizer, bbl/day (wet) 8,800

Chemical hydrogen consumption across all hydrotreaters, 3,400
scf/bbl liquid feed

Chemical hydrogen consumption across all hydrotreaters, 5.8
Ib/100 Ib dry pyrolysis oil

Carbon in hydrotreated oil/Carbon in pyrolysis oil 0.68

Hydrotreated product specific gravity 0.85

3.3.2.

Hydrotreating Cost Estimation

The capital costs for this section are estimated using Aspen Capital Cost Estimator, and have been
reviewed by several external reviewers with industry experience. The pressure swing adsorption (PSA)
unit is from a vendor budgetary estimate. The stabilizer is a heat exchange reactor with catalyst in the
tubes and steam on the shell side. This allows the raw pyrolysis oil to be heated to the reaction
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temperature in the presence of hydrogen and a catalyst, thus preventing coking. The first stage reactor is
a single fixed bed vessel. The second stage hydrotreater is configured as four fixed bed reactors in
parallel to reduce the reactor wall thickness. This proved to be less expensive than a single vessel at the
given operating conditions. The estimated installation factor for the reactors is 2.75 to account for
internals such as distributors and catalyst support trays. Table 9 shows the total purchased equipment
cost (TPEC) and total installed capital cost (TIC) for the hydrotreating section.

Table 9. Hydrotreating Area Capital Costs
Scaling Stream: 167,600 gpd stable oil product

Equipment TPEC (2011 MM$)  TIC (2011 MMS$)
Reactors 32 88
Compression and pumps 8 9

PSA

Heat exchange

Columns and drums

Total 48 115

3.4. Area 300: Product Recovery and Area 500: Hydrocracking

After fractionating the hydrotreated bio-oil, a heavy fraction boiling at a temperature above the final
boiling point of diesel is recovered. This heavy fraction is sent to the hydrocracking reactor to be
catalytically cracked to additional fuel. The hydrocracking of a heavy fraction from lignocellulosic-based
hydrocarbons has not yet been demonstrated as a process separate from hydrodeoxygenation. A
simplified flow diagram of hydrocracking and product separation, which forms the basis for the current
design, is illustrated in Figure 8.
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Figure 7. Hydrocracking and Product Recovery Process Flow
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3.4.1. Hydrocracking and Product Separation Design Basis

The product from hydrocracking is a mixture of liquids spanning the gasoline and diesel range, and some
byproduct gas. The gasoline and diesel range products are separated by distillation. These products are
expected to be suitable for blending into finished fuel. More detailed characterization of these
blendstocks are needed. The hydrocracking conditions are shown in Table 10.

Table 10. Areas 300 and 500 Design Basis

Reactor Assumption

Hydrocracker

Temperature 1380°F (750°C)

Pressure 1300 psia

Barrel/day feed 515
Naphtha splitter (T 310)

Number of stages 30

Tray efficiency 0.75

Top pressure 25 psia
Diesel recovery column (T 320)

Number of stages 30

Tray efficiency 0.75

Top pressure 15 psia
Other Metrics

Gasoline + diesel specific gravity 0.79

3.4.2. Hydrocracking and Product Cost Estimation

The costs for the 550 bpd hydrocracker and associated equipment (hydrocracking reactor, heat
exchangers, pumps, flash drums, and fired heater) were taken from literature (Marker 2005). The
distillation columns and associated equipment (reboiler, condenser, condenser drum, and pumps) were
estimated using Aspen Capital Cost Estimator.

Table 11. Hydrocracking and Product Separation Capital Costs
Scaling Stream: 550 BPSD feed

Equipment TPEC (2011 MM$)  TIC (2011 MM$)
Reactor & associated 5 15.1
equipment

Columns and associated 2.1 3.4
equipment
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3.5. Area 600: Hydrogen Production

Hydrogen for hydroprocessing (hydrotreating and hydrocracking) is produced via steam reforming of
process off-gases generated from fast pyrolysis and hydroprocessing. Additional natural gas is also used
to obtain sufficient hydrogen production. For the base case in this study, a natural gas based hydrogen
plant using a conventional multi-tube fired reactor with a commercial catalyst is assumed. A sensitivity
case using a fluidized bed reformer system is also considered. Process steam is produced via heat
integration with the hydrogen plant, and additional available steam is used to generate power on-site.

The base case hydrogen plant uses a conventional natural gas-based stream. An alternate case has also
been developed that leverages the extensive work performed at NREL related to tar reforming of syngas.
The base case is presented in this section, while the alternate scenario is presented as a sensitivity case in
Section 5.1.

3.5.1. Base Case: Conventional Hydrogen Generation

Figure 9 shows the simplified flow scheme for hydrogen generation by steam reforming of natural gas
(SRI International 2007, Meyers 2004, H2A 2013) and the off-gas streams from the fast pyrolysis,
hydrotreating and hydrocracking processes. The off-gas by itself is insufficient to produce the amount of
hydrogen required by the hydrotreaters and hydrocrackers; supplemental natural gas is required. Most of
the off-gas from hydrotreating and hydrocracking is used to fire the reformer. However, a portion is
compressed and mixed with pyrolysis off-gas and makeup natural gas, which is then hydrodesulfurized
(HDS).

|
|
Methane Reformer ' | From |
' _Plant |
To Plant T
. | Stean!
] | 'Drum' |
Pre-reformer | : : !
T i ! Hydrogen
1 h
¥ 1 | Psa
Off Gas I : : | ’
| |
Natural Gas l I

A 4

t Flue G
Gas I\j Shift Condensed
— Air _D_l Water

Pyrolysis Reactor Off Gas <

Figure 8. Hydrogen Production Process Flow

Hydrogen for the HDS unit is supplied by the off-gas stream. The gas exiting the HDS is then mixed with
superheated steam and sent through an adiabatic pre-reformer to convert C,+ compounds to methane prior
to entering the main steam reformer to produce syngas. This reduces the rate of coking in the main
reformer. The syngas hydrogen content is increased by high temperature shift. After condensing out the
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water, the hydrogen is purified by pressure swing adsorption (PSA). Off-gas from the PSA is recycled to
the reformer burners.

Saturated steam and superheated steam are generated by recuperating heat from the reformer exhaust and
cooling the product from the water gas shift reactor. The generated steam is used in the reformer as a
reactant, and is also used for process heating, for example, in the distillation column reboilers.

3.5.2. Hydrogen Generation Design Basis

The design assumptions are shown in Table 12. Gibbs minimization reactors are used to model the pre-
reforming, methane reforming and burner reactions. The reactor methane conversion of 80 mole % meets
that reported by SRI (SRI International 2007).

Table 12. Area 600 Design Basis

Reactor Assumption

Pre-reformer

Inlet temperature 930°F (500°C)

Outlet pressure 344 psia

Steam-to-carbon ratio 2.4
Methane reformer

Makeup natural gas 3.7 MMscf/day

Steam pressure 670 psia

Outlet temperature 1562°F (850°C)

Outlet pressure 314 psia
Burners

Bridge wall temperature 1800°F (982°C)

Pressure Slightly positive
Shift Reactor

Outlet temperature 675°F (357°C)

Outlet pressure 300 psia

Approach to equilibrium 98%
PSA

Hydrogen production rate 44.5 MM scf/day H,

Hydrogen delivery pressure 283 psia

Hydrogen recovery 85%

3.5.3. Hydrogen Generation Cost Estimation

Capital costs for hydrogen generation are taken from the SR1 2007 Yearbook and scaled to the necessary
hydrogen production rate using the SRI scale factor. The equipment includes a sulfur guard bed, pre-
reformer, primary reformer with nickel catalyst, high temperature shift reactor, PSA unit, waste heat
recovery producing high pressure steam and all associate outside battery limit equipment. The fixed
capital investment for a 44.5 million scf/day hydrogen facility is $107 million dollars in cost year 2007.
Converted to 2011 dollars and scaled to the base case hydrogen production, the capital cost at the project
level (including direct and indirect costs) is $119 million dollars. This is more conservative than the
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capital cost from the H2A program developed for the DOE Hydrogen Program which estimated the cost
at $96 million dollars (2007). However, the H2A configuration does not include a pre-reformer.

3.6. Balance of Plant

The balance of plant consists of the supporting systems for the plant: cooling water service, tank farm,
wastewater treatment and flare.

Process Water

Cooling water usage is minimized through the use of air fin coolers where applicable. The process water
demand is shown in Table 13. Most of the cooling tower water is used to indirectly cool the fast pyrolysis
bio-oil that is recirculated in the quench system. The 2009 design case (Jones 2009) assumed that all
indirect cooling of pyrolysis vapors was achieved with cooling water. For this report, cooling water
demand is reduced through the combination of air cooling followed by trim cooling with water. This in
turn reduces cooling water makeup.

Table 13. Process Water Demands

Source of Water Demand Model
Cooling tower makeup, gpm 29
Steam reformer boiler feed water makeup, gpm 162
Total, gpm 191
Gallons water per gasoline gallon equivalent 14
product

Power

Most of the electricity is purchase from the grid. However, some superheated steam is used as rotating
equipment drivers.

Wastewater

Wastewater from the hydrotreaters typically contains less than 1 wt% carbon as shown in Figure 10. A
sample of the aqueous phase from the hydrotreaters (2 wt% oxygen in organic product) at 0.55 wt%
carbon was analyzed and found to have a COD of approximately 10 g/L. This carbon is likely to be
mostly substituted phenolic compounds and the low concentration makes recovery uneconomical. A
study by Tziotzios (2007) showed that waste water containing phenol with COD as high as 51 g/L can be
effectively treated by aerobic digestion. The biochemical ethanol design report (Humbird 2011) also
showed an example of using an aerobic digester to treat waste water with COD of 6 g/L before
discharging the water to municipal sewer. Thus, wastewater from hydrotreating is assumed to be treated
by aerobic digestion before discharge to a public water treatment facility. Capital costs for this system
were taken from the original fast pyrolysis design report (Jones 2009), which compares well with scaled
values from the Humbird report.
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Figure 9. Carbon Content of HDO Aqueous Phase
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4. Process Economics

Process economics are the combination of feedstock cost, and capital and operating costs associated with
construction and operation of the conversion plant. These costs are combined in a discounted cash flow
analysis to estimate the minimum fuel price needed to meet a 10% internal rate of return when the net
present value is equal to zero.

4.1. Operating Costs

Table 14 lists the assumptions used to calculate the operating costs for the base case with the commercial
natural gas based hydrogen plant with a pre-reformer.

Table 14. Variable Operating Cost Assumptions

Variable Value Source
Materials
Feedstock, $/dry ton 80 INL
Stabilizer & 1* Bed Catalyst, $/Ib (2011) 60 Calculated
2" Bed Hydrotreating Catalyst , $/Ib (2007) 155 SRI1 2007
Hydrocracking Catalyst, $/1b (2007) 155 SRI 2007
Hydrogen Plant Catalysts, $/1000 scf H, (2007) 3.6 SRI1 2007
Sufiding Agent, $/Ib (2007) 0.799 SRI 2007
Utilities
Natural Gas, $/1000 scf 5.1 EIA 2011

Heywood 1998
CHa, C;Hg, N2, CsHeg,
C4H10, COz, C5H121 C6H14

94%, 3.3%, 1.0%, 1.0%
0.35%, 0.3%, 0.04%, 0.01%
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LHV, BTU/Ib 20,854
Electricity, ¢/kwh 6.89 EIA 2011
Cooling tower water makeup (20 °F rise) 90 °F service Assumption
110 °F return

Chemicals
Boiler feed water makeup, ¢/1000 gallon 100.08 Aden 2007
Cooling tower makeup, ¢/1000 gallon 100.08 Aden 2007
Cooling tower chemicals, $/Ib 2.27 Humbird 2011
Boiler feed water chemicals, $/Ib 1.36 Humbird 2011
Ash Disposal, $/ton 18 Phillips 2007
Wastewater disposal, $/100 cubic feet 2.07 Aden 2007
Solids waste disposal, $/ton 18 Aden 2007



Fixed costs are shown in Table 15. Salaries are taken from Dutta 2011 and converted to a 2011 dollar
basis using US Bureau of Labor Statistics labor cost index.

Table 15. Fixed Operating Costs and Assumptions

Salaries
Position Title Salary (2011) # Positions Total Cost (2011)
Plant Manager 161,400 1 161,400
Plant Engineer 76,800 1 76,800
Maintenance Super 62,600 1 62,600
Lab Manager 61,500 1 61,500
Shift Supervisor 52,700 5 263,400
Lab Technician 43,900 3 131,700
Maintenance Tech 43,900 16 702,5007
Shift Operators 52,700 40 2,108,000
Yard Employees 30,700 12 368,800
Clerks & Secretaries 39,500 3 118,600
Total 83 4,055,000
Other Fixed Costs
Cost Item Factor Cost
Benefits and general overhead 90% of total salaries 3,649,000
Maintenance 3% gf fixed capital
investment 21,006,000
Insurance and taxes 0'7%. AL EE i,
investment 4,901,000
Total Other Fixed Costs 33,611,000
4.2. Fixed Capital Investment

The following summarizes the purchased and installed equipment costs presented in Section 3. The
capital costs are from various sources. The pyrolysis unit and associated equipment is derived from
published costs for a commercial unit (Ensyn 2012). The hydrogen plant is also from published costs
(SRI12007). The majority of the remaining equipment was estimated using Aspen Capital Cost Estimator.
Fixed capital costs are summarized in Table 16.
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Table 16. Total Project Investment

Fixed Capital Investment

Process Area Total Capital (2011 MMS)

100 Fast pyrolysis 279

100 Heat recovery & 22

filtration

200 Hydrotreating 198

300-500 Product Finishing 32
600 Hydrogen generation 119

700 Balance of Plant 16

Total 665

4.3. Minimum Fuel Selling Price

The minimum fuel product selling price (MFSP) for the gasoline and diesel blendstock was determined
using a discounted cash flow rate of return analysis. The methodology is identical to that used in Jones et
al. (2009). The MFSP is the selling price of the fuel that makes the net present value of the process equal
to zero with a 10% discounted cash flow rate of return over a 30 year plant life and 40% equity with the
remainder debt financed at 8% interest for a 10 year term. The stream factor of 90% (7884 hours per
year) is reasonable given the need for annual catalyst replacement. This results in a base case MFSP of
$3.39/gasoline gallon equivalent (gge). This result is within the tolerance of the $3/gge programmatic
target (DOE 2013). While two products are produced, (motor gasoline blendstock and diesel blendstock),
they are combined and referred to as a “fuel product” as the production cost for both products are the
same. A heating value of 116,090 BTU/gal is used to convert the heating value of the fuel products to a
gasoline gallon equivalent basis. Section 1.2 gives the economic parameters used to calculate the MFSP.
A sensitivity analysis was conducted to determine the effect of different financial and operating
assumptions on the MFSP (Section 5.3).
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5. Economic and Technical Sensitivities

The design case describes a single operating point for a standalone processing unit. This section
investigates the production cost sensitivities to technical, financial, and market parameters. These include
plant size, internal rate of return (IRR), feedstock costs, reactor conditions and product yields. Two
important scenarios are highlighted: hydrogen generation methods and the effect of ash content on overall
yields.

5.1. Alternate H, Production Scenario: Fluidized Bed Reformer

As an alternative to the conventional fixed bed reactor, steam reforming can also be carried out in a
catalytic fluidized bed (CFB) reactor. The process flow diagram and heat and material balances for this
alternative case of hydrogen production are given in Appendix D-1. The fluidized bed reformer is
coupled with a second vessel where the catalyst is regenerated after being separated from the reformed
gases. Since the reformer feed contains some of the components present in pyrolysis oil, the propensity
for coking may be high. This process may be a way of mitigating any such problem. Carbon deposition
on the reformer catalyst can be removed in the regenerator prior to recirculation and reused in the
reformer. Consequently a pre-reformer is not necessary for this configuration.

The fluidized bed steam reformer design uses on a nickel-based catalyst developed at NREL for the
reforming of biomass derived syngas containing tars and hydrocarbon species (Dutta 2011, Dutta 2013).
Non-condensable gases from pyrolysis, off-gases from hydrotreating, and hydrocracking, and
supplemental natural gas are combined to meet the process hydrogen requirements. In addition to the
reforming reactions to produce CO and H, from hydrocarbons and oxygenated species, the nickel catalyst
also maintains significant water gas shift activity. The overall reforming process is endothermic. Heat
produced via oxidation of deposited carbon on the catalyst and combustion of supplemental process off-
gases in the regenerator elevates the catalyst temperature. The hot regenerated catalyst supplies the heat
required for reforming when transferred to the reformer. Further details of the reformer configuration can
be found in US Patent 8,241,523 B2 (Apanel 2012).

Hot flue gases and reformed gases are used to preheat the reformer inlet and combustion air, and to
generate steam. The design temperature for the reformer outlet is 1670°F (910°C). A molar steam-to-
carbon ratio (SCR) of 4 was used to ensure high hydrogen efficiency.

High temperature shift (HTS) and low temperature shift (LTS) reactors downstream of the reformer are
used to further shift CO and H,O into H, and CO,, without the addition of more steam during these
stages. The process gas stream leaves the reformer at 1,670°F (910°C) and is cooled to 662°F (350°C) for
HTS. The HTS and LTS are modeled as fixed bed equilibrium reactors using approach temperatures of
35°F and 20°F (19°C and 11°C), respectively (Spath 2005). The gas exiting the HTS reactor is cooled to
392°F (200°C) prior to entering the LTS reactor. The LTS reactor effluent process gas is cooled and
process condensate is separated. Most of the process condensate is recycled to the reformer after
blowdown. The gas is then pressurized to 350 psia and sent to a pressure swing adsorption (PSA) system.

The PSA unit is used to separate the hydrogen from the other components in the shifted gas stream,
mainly CO, and other unreacted hydrocarbons. A hydrogen recovery rate of 85% is used in this design.
Purge gas from the PSA system is sent to the catalyst regenerator (reformer furnace) to meet the fuel
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requirement. The product hydrogen at the PSA outlet is at 77 psia and 283°F (139°C) and requires further
compression prior to use in the Area 200 stabilizer reactor.

Two steam levels are used. Low pressure process steam (at 74 psia and 307°F) supplying the reformer
uses mostly recycled process condensate. Higher pressure (675 psia and 499°F) steam is generated using
clean boiler feed water. High pressure steam is used for process heating and excess high pressure steam is
superheated to 1000°F (538°C) for power generation. The heat duty available for steam generation is
mainly from the reformer section. Additional heat duty from pyrolysis and bio-oil upgrading areas are
also included for heat integration. A pinch analysis was performed to validate the steam production based
on the available total hot duty and cold duty.

5.1.1. Fluidized Bed Reformer Design Basis

The fluidized bed reformer is designed to produce 9,841 Ib/hr (44.5 MMscf/d) of pure hydrogen at 77 psia

and 283°F (139°C) to meet hydrotreater demands. Table 17 summarizes the conversion assumptions at
the fluidized steam reformer. These conversions were incorporated into the Aspen Plus model to simulate
expected steam reformer performance.

Table 17. Design Performance for the Reforming Catalyst (Dutta 2011, Dutta 2013)

Compound Target Conversion
Methane (CHy) 80%
Ethane (C,Hg) 99%
Ethylene (C,H,) 90%
Benzene (CgHs) 99%
Ammonia (NHs) 90%
All others* 90%

* Includes oxygenated species present in reformer feed.

5.1.2. Fluidized Bed Reformer Cost Estimate

Table D-1 presents the equipment list and cost estimates for hydrogen production using a fluidized bed
reformer system. All costs are projected in 2011 U.S. dollars. Capital costs were developed from a
variety of sources. Capital costs for some common equipment items (e.g., tanks, pumps, vessels) are
based on a recent NREL study (Dutta 2011). Cost of the fluidized bed reformer package including a dual
fluidized bed loop, cyclones and ancillaries were estimated based on a prior cost estimation study (Dutta
2011, Worley 2012). Costs associated with HTS, LTS, and PSA were based on Spath (2005). Equipment
costs were scaled based on material and energy balances from process simulation. Equipment costs
obtained in earlier or later years are inflated or deflated to a 2011 U.S. dollars basis using the Chemical
Engineering Plant Cost Indices (CEI 2013). Operating costs and utility consumption are shown in
Appendix Tables D-2 and D-3, respectively.
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Table 18. Comparison of Hydrogen Generation Scenarios

Cost and Consumption Base Case with Conventional Base Case with CFB
Hydrogen Generation Hydrogen Generation
Natural gas usage, scf/gge 19.33 15.33
H, demand MMscfd 445 445
Electricity demand, kwh/gge 1.22 1.45
Capital, million $ 665 691
MFSP, $/gge 3.35 3.45

The results are essentially identical from a MFSP standpoint and within the expected uncertainty of this
work. The somewhat higher capital for the CFB scenario is mitigated by lower natural gas usage. The
higher SCR ratios, higher reforming temperatures and lower pressures used in the CFB reactor allows
greater conversion of methane than in the base case. Methane conversion higher than the 80% value
shown in Table 17 may be possible in the CFB reformer (Dutta 2013) resulting in improved economics.
Also, the addition of the LTS reactor improves the overall conversion of hydrocarbons to hydrogen.
However, additional compression is needed as compared to the base case because the reformer operates at
near atmospheric pressure. Additional capital cost and stream flow information for this scenario can be
found in Appendix D-2.

5.2. High Ash Feedstock Scenario

The base case assumes an ash content of 0.9 wt%. This deep degree of de-ashing may not be possible as
discussed in Section 3. This sensitivity considers the effects of 1.9% ash on the production costs
assuming yield effects derived from Oasmaa et al. (2010) and reported in Table 3 of this report. Table 19
shows the sensitivity to the various assumptions used in the model. The lower fuel yield is somewhat
offset by lower capital and lower natural gas usage. The natural gas usage is reduced as the ash content
increases because significantly more off-gas is generated in the fast pyrolysis section and this gas can be
used for hydrogen generation. This scenario is of interest because more biomass is available at lower cost
if the ash content is increased.

Table 19. Effect of Higher Ash Biomass

Cost and Consumption Base Case with 0.9wt% Ash Base Case with 1.9wt% Ash
Fuel yield, gal/dry ton biomass 84 75
Natural gas usage, scf/gal 19.3 5.9
H, demand, MMscfd 44.5 40
TCI, million $ 700 672
MFSP, $/gge 3.39 3.55

The effect of ash on pyrolysis organic yield is a combination of the amount of ash, and the type of
reactive species in that ash. Further work is needed to quantify this effect. Additionally, a possible
outcome that is not captured in this scenario is increased ash level in the bio-oil that is carried over into
downstream equipment and the subsequent effect on catalyst maintenance.
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5.3. Additional Technical and Financial Sensitivities

Figure 11 shows the sensitivity to the various market and financial assumptions used in the model.

Plant Size, metric tons/day (4000 : 2000 : 1000) _14.9% 17.8%
Internal Rate of Return, IRR (5% : 10% : 15%) -14.5% ] 14.6%
Feedstock Cost, $/dry ton (60 : 80 : 120) -6.9% 1 13.7%
Pyrolyzer Installed Cost (-40% : base : +40%) -8.8% ] 8.8%
Hydrotreating Catalyst Life, yrs (2 : 1:0.5) _6.8% ] 9.3%
FP yield + HT yield (64% FP+46% HT: 62%FP+44% HT: 60% FP+42% HT) -8.5% ] 6.0%
Pyrolysis System, tpd (1x2000 : 2x1000 : 5X400) -4.1% ] 7.0%
Hydrotreating vield, Ib/lb pyrolysis oil (dry basis) (46%:44%:42%) -5.3% ] 4.0%
Total Project Investment (-10% : base : +40%) 1.2%0 5.0%
HDO Reactors Capital (-40% : base : +40%) -4.0% ] 4.1%
Stabilizer & 1st HDO Stage Catalyst $/1b (30 : 60 : 90) -3.2% ] 3.2%
Project Contingency (0% : 10% : 20%) -3.3% ] 3.3%
2nd Stage HDO Reactor LHSV (0.4:0.22: 0.1) -1.3% ] 3.6%
Fast Pyrolysis yield, Ib/Ib wood (dry basis) (64% : 62% : 60%) -3.5% ] 2.2%
1st and 2nd Stage HDO @ 1200 psia -4.4% ]
1st and 2nd Stage HDO (@ 1600 psia -1.99% i
Hydrogen Plant Installed Cost (-25%: base: +25%) -2.4% ] 2.4%
Stabilizer Reactor LHSV (1:0.5:0.3) 1.6% 2.1%
2nd HDO Stage Catalyst $/1b (10 : 15.5 : 30) -1.0% 2.8%
Hydrocracker Size (None : base : 2x) 2.0% 1 1.2%
Compressor Capital (-40% : base : 40%) T | 06%

-25% -15% -5% 5% 15% 25%

Change to $/gge from the base case ($3.39/gge)

Dlant Size, metric tons/day (4000 : 2000 : 1000) -$0.50 +$0.60
Internal Rate of Return, IRR (5% : 10% : 15%) -$0.49 1 +$0.50
Feedstock Cost, $/dry ton (60 : 80 : 120) -$0.23 1 +%0.47
Pyrolyzer Installed Cost (-40% : base : +40%) -$0.30 ] +%0.30
Hydrotreating Catalyst Life, yrs (2:1:0.5) -$0.23 1 +%$0.32
FP yield + HT yield (64% FP+46% HT: 62%FP+44% HT: 60% FP+42% HT) -$0.29 ] +$0.21
Pyrolysis System, tpd (1x2000 : 2x1000 : 5X400) -$0.14 | +%0.24
Hydrotreating yield, 1b/Ib pyrolysis oil (dry basis) (46%:44%:42%) -$0.18 1 +$0.13
Total Project Investment (-10% : base : +40%) -$0.04 | +$0.17
HDO Reactors Capital (-40% : base : +40%) -$0.14 ] +$0.14
Stabilizer & 1st HDO Stage Catalyst $/Ib (30 : 60 : 90) -$0.11 | +$0.11
Project Contingency (0% : 10% : 20%) -$0.11 ] +%0.11
2nd Stage HDO Reactor LHSV (0.4 : 0.22: 0.1) -$0.04 ] +50.12
Fast Pyrolysis yield, 1b/lb wood (dry basis) (64% : 62% : 60%) -$0.12 1 +$0.07
1st and 2nd Stage HDO @ 1200 psia -$0.15 :
1st and 2nd Stage HDO @ 1600 psia -$0.06 :
Hydrogen Plant Installed Cost (-25%: base: +25%) -$0.08 ] +50.08
Stabilizer Reactor LHSV (1:0.5:0.3) -$0.05 1 +$0.07
2nd HDO Stage Catalyst $/1b (10 : 15.5 : 30) -$0.04 ] +$0.09
Hydrocracker Size (None : base : 2x) -$0.07 ] +$0.04
Compressor Capital (-40%:base:40%) = “—$002+$002““

-$1.0 -%0.8 -%0.6 -304 -$0.2 $0.0 $0.2 $0.4 $0.6 $0.8
Change to $/gge from the base case ($3.39/gge)

Figure 10. Sensitivity Analysis Results
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Plant scale, capital investment and IRR are the largest market and financial type effects. Feedstock costs
are the next largest contributor. Use of a low ash feedstock such as pine (at approximately $120/ton)
increases the production cost by 14%, thus highlighting the need for blended feedstocks using lower cost
materials.

Product yield is one of the most significant cost parameters. In the base case, pyrolysis oil yield and
hydrotreating oil yields are 64% wt per dry wood and 44% per dry pyrolysis oil, respectively. Reduction
of pyrolysis oil yield to 60% and hydrotreating oil yield to 44% will increase the selling price by 6%.

The published capital costs for the pyrolysis system (reactor, combustor, cyclones and quench equipment)
are reported as + 40% and this results in a 9% variation in the MFSP. Hydrotreater capital costs are a
function of the operating temperature, pressure and liquid hourly space velocity (LHSV). The
temperature and pressure set the wall thickness and the LHSV determines the vessel capacity. Reducing
the first and second stage reactors pressure to 1200 psi and doubling the space velocity for the second
stage results in a 7% reduction in the reactor costs and also reduces compression requirements.

Hydrotreating catalysts are also important to the overall economics of the process. The stabilizer and 1%
stage reactor may use a precious metal catalyst. The annual catalyst cost for these reactors is a function of
metal type, metal loading and replacement rate. The base case catalyst is assumed to be $60/Ib. This price
will vary with the cost of the support and the ruthernium loading. Current costs for ruthernium are at $70
per troy ounce (PGM 2013). A 50% variation in the price causes a 3% variation in the MFSP. The 2nd
stage reactor may be able to use a nickel or cobalt type catalyst which is expected to be less expensive.
However, this reactor also has the largest catalyst inventory, thus doubling the catalyst costs also causes a
3% increase in catalyst cost.

The time on-stream before catalyst replacement is needed has a very large effect. The base case catalyst

replacement rate is assumed to be 1 year for each reactor. Increasing this to two years causes the MFSP
to drop by 7%. Reducing the catalyst life to six months increases the MFSP by 9%.
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6. Environmental Sustainability Metrics

In addition to setting technical and economic targets for the conversion pathways included in the MYPP
(DOE 2013), BETO is working towards setting baselines and targets for environmental sustainability
metrics. Sustainability is a cross-cutting element of the BETO program whose overarching goal is to
“understand and promote the positive economic, social, and environmental effects and reduce the
potential negative impacts of biofuels production activities” (DOE 2013). A specific goal of the
sustainability element is to identify metrics and set targets for at least one conversion pathway by 2013.
To reach this goal, BETO, DOE National Laboratories and others have worked together to develop an
initial set of important sustainability metrics for the conversion stage of the biofuel life cycle: greenhouse
gas (GHG) emissions, fossil energy consumption, fuel yield, biomass carbon-to-fuel efficiency, water
consumption, and wastewater generation. Shown in Table 20 are the estimated metric values for the
conversion plant for the updated design base case (low ash, conventional hydrogen generation).

Table 20. Sustainability Metrics for Fast Pyrolysis and Upgrading

Sustainability Metric 2017 Projected
GHGs (g CO,-e/MJ fuel) — (fossil emissions; biogenic emissions)* 18.9; 85
Fossil Energy Consumption (MJ fossil energy/MJ fuel product)? 0.301
Total Fuel Yield (gal/dry ton wood; gge/dry ton wood) 84, 87
Biomass Carbon-to-Fuel Efficiency (C in fuel/C in biomass) 47%
Water Consumption (m%day; gal/GGE)? 1050; 1.4
Wastewater Generation (m®/day; gal/GGE)* 932;1.3

! Biogenic emissions include those contained in the char combustor exhaust, the heat from which is used in the biomass
dryer (not part of the conversion plant).

2 Fossil energy consumption does not include grinding of the feedstock prior to the pyrolysis step.

3 Water consumption and wastewater generation include only direct use/emissions and do not include water associated
with upstream production of materials and energy used at the plant.

#Wastewater generation includes both wastewater from hydrotreating and blowdown from the cooling towers

The GHG and fossil energy consumption metrics include both direct effects at the plant and “upstream”
effects associated with the production and distribution of materials and energy for plant operations; i.e.,
these are the lifecycle emissions and energy usage for the conversion stage of the fuel supply chain.
Water consumption and wastewater generation values in Table 20 consider only direct water inputs and
wastewater generation at the plant and thus do not include water consumed or generated during
production and distribution of materials and energy (e.g., thermo-electric power) used at the plant.

Metrics for other important air emissions from the conversion facility, such as criteria air pollutants (e.g.,
NO,, SOy, particulate matter, and VOCs) have not yet been estimated due to a lack of data on formation
of these components during conversion processes. Through separate BETO funding, efforts are currently
underway to more accurately model and measure criteria air pollutant emissions from the biorefinery,
specifically those resulting from pyrolysis char and off-gas combustion at the plant. The following
sections provide a more detailed description of the sustainability metrics and a discussion of the results.
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6.1. Greenhouse Gas Emissions and Fossil Energy Use

BETO is developing technologies that will facilitate the volumetric requirements of the national
Renewable Fuel Standard (RFS2), as legislated by the Energy Independence and Security Act (EISA) of
2007. Reducing fossil energy use and GHG emissions is integral to the RFS2. In order to be eligible for
the RFS2 program, fuels made from renewable biomass must meet the renewable fuels categories
definitions, which includes having lifecycle GHG emissions that are 50% (advanced biofuel) or 60%
(cellulosic biofuel) less than the petroleum baseline. While RFS2 mandates the EPA to conduct its own
life cycle analysis (LCA) to determine fuel qualification, it is essential that lifecycle analysis be
performed during the development of these pathways in order to predict and facilitate improvement of
environmental performance. In many ways, this approach is analogous to that of techno-economic
analyses, allowing continual evaluation and improvement of the design throughout the technology
research and development phase.

Conversion processes generate fossil-based GHG emissions stemming from fossil fuel consumption at the
plant (e.g., natural gas) and from upstream production and distribution of materials and energy that are
used at the plant (e.g., natural gas, grid electricity, chemicals, catalyst). Conversion GHGs consist
primarily of CO, (95%), with the remainder being methane released during natural gas production and
distribution. Conversion processes also result in direct biogenic CO, emissions from pyrolysis, char
combustion, and oil upgrading processes, as well as off-gas reforming and combustion. The design is
heat integrated and therefore any light gases that are produced at the plant are completely combusted for
heat. Apart from land use change impacts for certain feedstocks, biomass is generally regarded as a
carbon-neutral feedstock (i.e., carbon absorbed during growth equals carbon emitted during processing
and final use), and therefore fossil energy use and emissions receive the majority of attention.

Metrics for conversion GHGs and fossil energy use are based on material and energy balances from the
process models, along with information from the Ecoinvent database (2011) and U.S. LCI database (LCI
2012). Emissions and energy consumption for the U.S. average grid mix of electricity is used. The
lifecycle modeling software, SimaPro (2011), is used to estimate the cumulative GHG emissions and
fossil energy usage. Due to a lack of available data on catalyst manufacture, recycling and reclamation
processes, this component is approximated with a zeolite product from the Ecoinvent database. Future
work on development of energy and material inventory data for the catalysts is necessary to fill this data
gap. Itis possible that catalyst will not contribute significantly if target economic catalyst lifetimes are
achieved (i.e., at least 1 year). However, estimation of the catalyst impact is necessary to be able to assert
this assumption. Also, the use of precious metal or platinum group metals for catalysts may result in
significantly different GHG and other metric values compared to NiMo or CoMo catalysts.

Figure 12 shows the contributing factors to the total fossil GHGs for the conversion plant.  As shown,
natural gas use accounts for 57% of the total emissions. Using more renewable sources of hydrogen (e.g.,
pyrolysis oil or adjusting gas production in pyrolysis to meet hydrogen needs) may reduce the carbon
footprint for conversion, however, the technical feasibility of these options as well as the impact on
economics needs to be determined.
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Figure 11. Contributing Processes to Conversion GHGs for Fast Pyrolysis and Upgrading

Using the conversion GHGs, the full life cycle GHG emissions were estimated for gasoline fuel from
woody feedstocks using fast pyrolysis and upgrading, considering both forest residues and purpose grown
southern pine feedstocks. The inventory data sources and primary assumptions for feedstock production
and logistics and fuel distribution and consumption are listed in Table 21. It is important to note that the
current pathway configuration assumes that the preprocessing operations are located in close proximity to
the biorefinery and as such, the heat contained in the pyrolysis char combustor exhaust is used to dry the
feedstock (i.e., no additional fossil energy source is used for feedstock drying). In an advanced uniform
format logistics scenario where biomass is collected at regional depots for blending, biomass drying
energy would need to be supplied separately. Energy consumption for hot water de-ashing is based on
conventional processes used in the food industry. As the specifics of this process are highly uncertain at
this time, a range of values is considered. Water makeup needed for the de-ashing process is not
estimated. Direct and indirect land use change impacts of pine production are not included in the
analysis.

Table 21. Data Sources and Assumptions for Fuel Life Cycle GHG Analysis

Life Cycle Process
Forest residue collection
Forest residue logistics
Purpose grown pine production

Reference/Assumption

U.S. LCI Database (LCI 2012)
Muth et al. (2013)
Perlack et al. (2011); lime application from Tyree et al.

(2006)
Pine harvesting and logistics Muth et al. (2013)
Feedstock transportation distance 50 miles
Wood de-ashing Low Median High
Water circulation, gal/dry ton 450 2725 5000
Natural gas heat', MMBtu/dry ton 0.08 0.46 0.83

Fuel distribution and combustion

GREET model (ANL 2012)

! Heat required for raising water 20 °F above ambient temperature.
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Figure 13 shows the full life cycle GHGs for gasoline from fast pyrolysis and upgrading of woody
feedstocks. The uncertainty bars around the total GHGs and the percent reduction estimates correspond
to the range of energy values considered for the wood de-ashing process. The fuel production stage is the
most GHG-intensive stage of the fuel cycle, comprising 53% and 62% of the total emissions for fuels
from pine and forest residue, respectively. Total emissions for southern pine based gasoline range from
33.8 10 38.9 g CO,-eq/MJ gasoline, equating to a reduction in GHGs of 58-64% as compared to the
petroleum baseline (GREET, 93.4 g/MJ). Total emissions for forest residue based gasoline range from
28.3 10 33.3 gCO,-eqg/MJ gasoline, equating to a reduction of 64-70% as compared to the petroleum
baseline. These results suggest this fuel is in the range of the EISA RFS cellulosic biofuel definition
(60% GHG reduction), however, final qualification is made by the EPA based on their own analysis and
determination. In addition, through collaboration with Argonne National Laboratory, energy and
materials inventory from this work will be integrated into the GREET model for further analyses.
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Figure 12. Life Cycle GHG Emissions for Fuel from Fast Pyrolysis and Bio-oil Upgrading of Southern
Pine and Forest Residue

(Uncertainty bars reflect range for wood de-ashing process energy, see Table 21).

6.2 Fuel Yield and Biomass Carbon-to-Fuel Efficiency

An overarching goal of BETO is to enable technologies that produce transportation biofuels in a
sustainable way. Fuel yield and biomass carbon-to-fuel efficiency are important measures of natural
resource utilization and are inherent to biofuel sustainability. With respect to GHGs, there is an important
tradeoff that exists between the fuel yield and natural gas requirement for this pathway and others that
similarly produce intermediate products requiring hydrogen-based upgrading. This tradeoff stems from
the fact that as fuel yields from bio-oil hydrotreating increase, there is less off-gas available for hydrogen
generation and thus, more natural gas is needed for the plant. Fuel yield and biomass carbon-to-fuel
efficiency are measures of how efficient the technology is at producing liquid fuel. Therefore, when
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comparing fuel options, it is important to present these metrics alongside GHGs to provide a more
comprehensive representation of the overall performance of the conversion process and the balance
between these metrics. For example, a conversion process may have very low (or even negative) GHGs,
but this may be due to low yields and a large portion of its biomass carbon going to electricity production
(producing a large GHG credit).

6.3 Water Consumption and Wastewater Generation

Protection and conservation of water resources is a global concern as the potential impacts of climate
change, growing population, and energy demand become increasingly evident. Energy production is a
leading consumer of water within the industrial sector and the effect of biofuel production on water
resources is an important sustainability concern. Consumptive water use associated with fast pyrolysis
and upgrading consists of makeup water for the steam and cooling systems. Boiler feed water makeup is
needed to replace steam consumed in the hydrogen plant. Fresh cooling water is needed to make-up for
losses at the cooling tower (e. g, evaporation and drift) and blowdown for maintenance of the
recirculating cooling system. Figure 14 shows the contributing processes to overall direct consumptive
water use for the biorefinery.
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Figure 13. Contributing Processes for Consumptive Water Use for Fast Pyrolysis and Upgrading

Water consumed for production of electricity and materials used at the biorefinery (e.g., electricity,
natural gas, and catalyst) and for life cycle stages upstream and downstream of conversion is not included
in the analysis. As shown, boiler feed water makeup for steam production is approximately 84% of the
total water consumed for the conversion processes. Approximately 60% of the steam is consumed in the
reforming and water gas shift reactions for hydrogen production. About a third is used to produce power
and a small amount is needed to make up for water lost in the burner off-gas feed. Cooling water makeup
is approximately 16% of the total consumptive water use, which is needed primarily for the pyrolysis oil
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vapor quench and cooling of stabilized pyrolysis oil. It is important to note that steam drum blowdown is
assumed to be recycled to the cooling loop, significantly reducing raw cooling water makeup. While the
water consumption values presented in Table 20 are likely in the approximate range of an actual
biorefinery using this technology, there is much uncertainty around the quench process, specifically the
flow rate of oil needed to provide the direct quench and the associated temperature. In addition, bio-oil
yield and composition (and associated enthalpies), fluidized gas rate for the pyrolysis reactor, and quench
temperature are all inter-related variables and can have a significant effect on cooling water consumption
for the quench process.

Wastewater quantity and composition are important sustainability metrics, as treated facility wastewater
is ultimately discharged to streams or lakes in the region and both of these factors can affect the health of
local water resources. In addition, wastewater treatment, whether located onsite or offsite at a publicly
owned treatment works, or both, as is assumed in this report, requires additional energy and materials.
The primary wastewater streams generated from fast pyrolysis and bio-oil upgrading processes are
cooling tower blowdown and water separated from the stabilized bio-oil after hydrotreating. Water
separated from the hydrotreated bio-oil stream originates from biomass moisture introduced into the
system and water produced during the pyrolysis and hydrotreating reactions. This stream accounts for 60-
65% of the total wastewater generated for the conversion process. Cooling system blowdown accounts
for the remainder of the total plant wastewater. Efforts are underway to better characterize the
hydrotreater wastewater.

6.4 Metrics for High Ash Content Scenario

Conversion stage sustainability metrics for the high ash content scenario (see Section 5.2) are presented
and compared to the base case (low ash) in Table 22.

Table 22. Effect of Higher Ash on Sustainability Metrics for Fast Pyrolysis and Upgrading.

Sustainability Metric 0.9% Ash (Base) 1.9% Ash
GHGs (g CO,-e/MJ fuel: fossil emissions; biogenic emissions)’  18.9; 85 11.5; 101
Fossil Egergy Consumption (MJ fossil energy/MJ fuel 0.301 0.159
product)
Total Fuel Yield (gal/dry ton wood; gge/dry ton wood) 84; 87 75; 79
Biomass Carbon-to-Fuel Efficiency (C in fuel/C in biomass) 47% 42%
Water Consumption (m%day; gal/GGE)? 1050; 1.4 983; 1.5
Wastewater Generation (m*/day; gal/GGE)* 932; 1.3 852; 1.3

! Biogenic emissions include those contained in the char combustor exhaust, the heat from which is used in the
biomass dryer (not part of the conversion plant).

2 Fossil energy consumption does not include grinding of the feedstock prior to the pyrolysis step.

¥ Water consumption and wastewater generation include only direct use/emissions and do not include water
associated with upstream production of materials and energy used at the plant.

*Wastewater generation includes both wastewater from hydrotreating and blowdown from the cooling towers.
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Fossil GHGs and energy consumption for the high ash case are lower than the base case by 40% and 53%,
respectively. Fuel yield for the high ash case is lower than the base case by 11%. As discussed in Section
3.1, higher ash content in the feedstock can cause an increase in gas production at the expense of
condensable liquid (see Table 3) from fast pyrolysis. With the assumed increase in off-gas production to
the hydrogen plant, less natural gas is needed, leading to lower fossil GHGs for the conversion plant, as
illustrated in Figure 15. The tradeoff between fuel yield and natural gas-based GHGs for this pathway has
been shown previously (Jones 2013) and is an important consideration in designing fuels that are
nntimized for hoth economic and envirnnmental nnale
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Figure 14. Effect of Biomass Ash Content on Conversion GHGs

Cooling water flowrate is lower for the high ash case because there is less pyrolysis oil product to
condense than in the base case. Boiler feedwater flowrate is higher for the high ash case than the base
case, with total water consumption for the two cases being equal. Lower fuel yields for the high ash case
results in higher water consumption on a gallon-per-gallon basis. Daily wastewater generation is lower
for the high ash case because less pyrolysis oil is being hydrotreated than in the base case, however, on a
gallon-per-gallon basis, the two cases are equivalent.

Figure 16 compares the total lifecycle GHGs for southern pine based fuel for the base case and high ash
case. Total emissions for the high ash case are 27.3 gCO,-eq/MJ gasoline, corresponding to a 71%
reduction from the GREET 2005 petroleum baseline. As shown, while lower yields reduce conversion
GHGs (fossil), there is also an opposite but lesser effect on feedstock production GHGs. It is also
important to note that because de-ashing is not used for the high ash case, feedstock preprocessing GHGs
are lower than the base case.
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7. Conclusions and Recommendations

This analysis shows that biomass derived liquid transportation fuels have the potential to be competitive
with their fossil derived equivalents. However, there are a number of gaps that need to be addressed by
future research for this pathway to be realized. Progress towards their resolution will be tracked through
the annual state of technology assessments.

There is a need for a better understanding of feedstock quality and how it affects the conversion
processes. It is known that ash content and volatile carbon content can have adverse effects on the yield of
pyrolysis oil. Furthermore, it is not total ash content but rather the speciation and transport of the
elemental ash components that must be understood in order to enable the concomitant relationship
between feedstock characteristics at low cost and the optimal conversion process. An interesting
technology for conversion to aid with the ash issue will be hot filtration. Ash carried with the bio-oil can
also affect the life and performance of the upgrading catalysts. Research is needed to investigate mixed
biomass feedstocks on the quality and yields of pyrolysis oil and upgraded oil. It would also be useful to
consider blends with non-edible oil crops and to investigate biomass thermal pretreatment (time and
temperature) to improve oil quality (torrefaction is just one example of this type of treatment).

Understanding the effects of catalyst use during fast pyrolysis will be the subject of another design report
in FY14. It is mentioned here, because mild to medium conversion in this step could improve the life of
the downstream upgrading catalysts and improve economics by requiring less severe hydrotreating and
possible less expensive metallurgy as well as elimination of the stabilizer bed. An important part of this
will be to understand how to capture small carbon fragments (C, minus) before they are hydrogenated to
hydrocarbons, and how to convert them into fuel range molecules.

The upgrading steps are expensive. Eliminating one of the reactor steps and operating at pressures below
2000 psia will reduce the capital costs. Research is needed to understand what the true operating pressure
limit is. More reactive catalysts are needed to allow increased space velocity and increased activity at
lower temperatures. Also, catalyst life is still relatively short relative to the target life of one year. It is
known that there is a loss of activity in the upgrading catalysts. Mechanisms of deactivation (carbon
occlusion, migration of inorganic species) remain an opportunity waiting to be understood in order to
accelerate the development of performance enhanced robust catalysts. Strategies are needed to minimize
catalyst deactivation and/or develop regeneration methods. Supports such as alumina may not perform
well in an aqueous environment at the given operating temperatures. While carbon supports are better
able to handle aqueous environments, they also pose regeneration challenges if the means of deactivation
is carbon polymerization. A better understanding of reactor heat management may also improve catalyst
life and provide insight into reactor scaling.

Product quality requires further investigation. There is a need to better understand how to co-produce a
jet cut that does not add additional processing steps and does not reduce the quality of the gasoline and
diesel boiling range products. It is difficult to simultaneously make good octane gasoline and good cetane
diesel without additional processing. Additional intermediate and final product testing is needed for the
following reasons:
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e Current product analysis is limited to density, ultimate analysis, Total Acid Number (TAN),
distillation curves, and GC/MS analysis. There are limitations associated with each of these
tests. For example, TAN analysis results include acids and phenols. Are the phenols a
corrosion concern? GC/MS only identifies compounds that can be volatized.

e Analyses are currently conducted on the whole hydrotreated oil product. Similar analysis
should be obtained for each product cut.

e Characterization is needed of the heavier than diesel portion that is not properly analyzed by
GC/MS. Conradson Carbon Residue analysis, for example, may provide an indication of
coking tendencies.

o Fuel standard analyses such as flash, octane, cetane, freeze, smoke etc. will allow
determination of how to meet product blendstock specifications.

Lastly, working with refiners is key to understanding blending issues and to developing standards for
fuels and fuel intermediates that could be finished in a refinery.

40



8. References

ACD/Labs Software Boiling Point Predictor, Advanced Chemistry Development Inc.
http://www.acdlabs.com/resources/ilab/

Aden, A., M. Ruth, K. Ibsen, J. Jechura, K. Neeves, J. Sheehan, B. Wallace, L. Montague, A. Slayton,
and J. Lukas. 2002.“Lignocellulosic biomass to ethanol process design and economics utilizing co-current
dilute acid prehydrolysis and enzymatic hydrolysis for corn stover.” NREL/TP-510-32438, National
Renewable Energy Laboratory, Golden, CO. Accessed at http://www.nrel.gov/docs/fy020sti/32438.pdf.

Al-Sabawi, M. and J. Chen. 2012. “Hydroprocessing of Biomass-Derived Oils and Their Blends with
Petroleum Feedstocks: A Review.” Energy & Fuels, 26(9): 5373-5399.

“Greenhouse Gas, Regulated Emissions, and Energy Use in Transportation Model.” Version:
GREET _2012, Argonne National Laboratory, Argonne, IL.

Apanel, George, H.A. Wright. 2012. “System and method for dual fluidized bed gasification,” U.S. Patent
No. US 8,241,523 B2, Aug 14, 2012.

Aspentech, 2013. Capital Cost Estimator. Accessed at http://www.aspentech.com/products/aspen-
kbase.aspx.

Basu, Prabir. 2010. Biomass Gasification and Pyrolysis - Practical Design and Theory. Elsevier. Accessed
at: http://app.knovel.com/hotlink/toc/id:kpBGPPDTOB/biomass-gasification

Bayerbach, Rolf. 2006. “Characterization of the water-insoluble fraction from fast pyrolysis liquids
(pyrolytic lignin): Part 111. Molar mass characteristics by SEC, MALDI-TOF-MS, LDI-TOF-MS, and Py-
FIMS.” Journal of Analytical and Applied Pyrolysis, 77(2): 95-101.

Biolig, 2013. Fast Pyrolysis of Biomass. Accessed at http://www.biolig.de/english/64.php.

Branca, Carmen. 2003. “GC/MS characterization of liquids generated from low-temperature pyrolysis of
wood.” Industrial Engineering Chemistry Research, 42(14): 3190-3202.

Bridgwater, Anthony, Czernik S, Diebold J, Meier D, Oasmaa A, Peacocke C, Piskorz J, Radlein D. Fast
Pyrolysis of Biomass: A Handbook, Volume 1: (UK: CPL Press, 1999)

Bridgwater, Anthony, A.J. Toft, and J.G. Brammer. 2002. “A techno-economic comparison of cower
production by biomass fast pyrolysis with gasification and combustion.” Renewable & Sustainable
Energy Reviews, 6:181-248.

Bridgwater, Anthony, editor. Fast Pyrolysis of Biomass: A Handbook, Volume 2: UK: CPL Press, 2002
reprinted 2008.

Biomass Technology Group, 2013. Overview. Accessed at http://www.btgworld.com.

41


http://www.acdlabs.com/resources/ilab/
http://www.nrel.gov/docs/fy02osti/32438.pdf
http://www.aspentech.com/products/aspen-kbase.aspx
http://www.aspentech.com/products/aspen-kbase.aspx
http://app.knovel.com/hotlink/toc/id:kpBGPPDT0B/biomass-gasification
http://www.bioliq.de/english/64.php

Chemical Book 2013. Accessed at
http://www.chemicalbook.com/ChemicalProductProperty EN CB3216822.htm

Chemical Engineering Magazine, 2011, Chemical Engineering Magazine Plant Cost Index available
from: http://www.che.com/pci/.

Chemicalland, 2013. Isoeugenol. Accessed at
http://www.chemicalland21.com/specialtychem/perchem/ISOEUGENOL..htm.

Chemstations 2013. CHEMCAD 6.5. Accessed at www.chemstations.com.

Chu, Sheng. 2013. “The pyrolysis chemistry of a f-O-4 type oligomeric lignin model compound.” Green
Chemistry, 15: 125-136.

Coll’Energia 2013. Overview. Accessed at http://www.collenergia.com/elaborati_studio.shtml.

CRC 2013. Handbook of Chemistry and Physics. 94™ Edition. Accessed at

http://www.hbcpnetbase.com/.

Desisto, William, N. Hill, S. Beis, S Mukkamala, J. Joseph, C. Baker, T. Ong, E. Stemmler, M. Wheeler,
B. Frederick, A. van Heiningen. 2010. “Fast pyrolysis of pine sawdust in a fluidized-bed reactor.” Energy
& Fuels, 24 (4): 2642-2651.

Djokic, Marko, T Dijkmans, G. Yildiz, W. Prins, K. Van Geem. 2012. “Quantitative analysis of crude and
stabilized bio-oils by comprehensive two-dimensional gas-chromatography.” Journal of Chromatography
A, 1257: 131-140.

Biomass Multi-Year Program Plan. U.S. Department of Energy Bioenergy Technologies Office, Energy
Efficiency and Renewable Energy, U.S. Department of Energy, Washington D.C. Accessed at
http://www1.eere.energy.gov/biomass/pdfs/biomass_program_mypp.pdf

Domalski, Eugene. 1972. “Selected values of heats of combustion and heats of formation of organic
compounds containing the elements C,H,N,O,P and S.” Journal of Physical Chemistry Reference Data,
1(2):221-277.

Dortmund 2013. DDBST GmbH Thermophysical Data for Process Design. Accessed at
http://www.ddbst.com/

Dutta, Abhijit, Talmadge, M., Hensley, J., Worley, M., Dudgeon, D., Barton, D., Groenendijk, P., Ferrari,
D., Stears, B., Searcy, E., Wright, C., Hess, J.R. 2011. “Process design and economics for conversion of
lignocellulosic biomass to ethanol: thermochemical pathway by indirect gasification and mixed alcohol
synthesis.” National Renewable Energy Laboratory, Golden CO. Accessed at
http://www.nrel.gov/docs/fy110sti/51400.pdf .

Dutta, Abhijit. “Syngas Mixed Alcohol Cost Validation” Presented at the Bioenergy Technologies Office
Project Peer Review, May 21, 2013, Alexandria, VA. Accessed at
https://www?2.eere.energy.gov/biomass/peer_review2013/Portal/Gasification/#

42


http://www.chemicalbook.com/ChemicalProductProperty_EN_CB3216822.htm
http://www.che.com/pci/
http://www.chemicalland21.com/specialtychem/perchem/ISOEUGENOL.htm
http://www.chemstations.com/
http://www.collenergia.com/elaborati_studio.shtml
http://www.hbcpnetbase.com/
http://www.ddbst.com/
http://www.nrel.gov/docs/fy11osti/51400.pdf
https://www2.eere.energy.gov/biomass/peer_review2013/Portal/Gasification/

Ecolnvent 2011. Ecolnvent Database Version 2.2, Hamburg, Germany: Swiss Center for Life Cycle
Inventories.

Energy Information Administration, 2011 Industrial Natural Gas Prices. Accessed at
http://www.eia.gov/naturalgas/data.cfm#prices .

Energy Information Administration, 2011 Industrial Electricity Prices. Accessed at
http://www.eia.gov/electricity/data.cfm#sales.

Ensyn 2012. ENSYN Overview. Accessed at http://www.ensyn.com/about.htm.

Envergent 2009. Envergent Technologies Overview. Accessed at http://www.envergenttech.com/fag.php.

Elliott, Douglas. 2007. “Historical developments in hydroprocessing bio-oil.” Energy & Fuels (2007)
21:1792-1815.

Elliott, Douglas, T. Hart, G. Neuenschwander, L. Rotness, M. Olarte, A. Zacher, Y. Solantausta. 2012.
“Catalytic hydroprocessing of fast pyrolysis bio-oil from pine sawdust.” Energy Fuels, 26(6): 3891-3896.

Elliott, Douglas. 2013. “Transportation fuels from biomass via fast pyrolysis and hydroprocessing.”
WIREs Energy and Environment, 2(5): 525-533.

Fortum, 2013. Accessed at http://www.fortum.com/en/energy-production/fuels/bio-oil/Pages/default.aspx.

Freel, Barry, R. Graham. “Method and apparatus for a circulating bed transport fast pyrolysis reactor
system.” Ensyn Technologies Inc., U.S. Patent 5,792,340. August 11, 1998.

Frey, Stanely, R. Gattupalli, T. Brandvold. “Methods and apparatuses for forming low-metal biomass-
derived pyrolysis oil.” UOP LLC, U.S. Patent Application 2012/0317871 Al, December 20, 2012.

Gregoire, Catherine, R. Bain. “Technoeconomic analysis of the production of biocrude from wood.”
Biomass and Bioenergy (1994) 7(1-6): 275-283.

Garcia-Perez, Manuel, S. Wang, M., J. Shen, M. Rhodes, W-J. Lee, C-Z Li. 2008. “Effects of temperature
on the formation of lignin-derived oligomers during the fast pyrolysis of mallee woody biomass.” Energy
& Fuels 22(3):2022-2032.

H2A 2013. DOE EERE Fuel Cell and Hydrogen Program. Accessed at
http://www.hydrogen.energy.gov/h2a delivery.html .

Hess, J. Richard, C. Wright, K. Kenney, E. Searcy. 2009. “Uniform-format Solid Feedstock Supply
System: A Commodity-Scale Design to Produce an Infrastructure-Compatible Bulk Solid from
Lignocellulosic Biomass,” INL/EXT-08-14752, Idaho National Laboratory, Idaho Falls, ID. Accessed at
www.inl.gov/bioenergy/uniform-feedstock .

Heywood, John. Internal Combustion Engine Fundamentals, McGraw-Hill, 1998. Singapore.

Humbird, David, R. Davis, L. Tao, C. Kinchin, D. Hsu, A. Aden. 2011. “Process Design and Economics
for Biochemical Conversion of Lignocellulosic Biomass to Ethanol Dilute-Acid Pretreatment and

43


http://www.eia.gov/naturalgas/data.cfm#prices
http://www.eia.gov/electricity/data.cfm#sales
http://www.ensyn.com/about.htm
http://www.envergenttech.com/faq.php
http://www.fortum.com/en/energy-production/fuels/bio-oil/Pages/default.aspx
http://www.hydrogen.energy.gov/h2a_delivery.html
http://www.inl.gov/bioenergy/uniform-feedstock

Enzymatic Hydrolysis of Corn Stover.” NREL/TP-5100-47764, National Renewable Energy Laboratory,
Golden, CO. Accessed at http://www.nrel.gov/docs/fy11osti/47764.pdf .

IEA 2007, “Biomass Pyrolysis”, International Energy Agency Bioenergy Task 34 Publication,
T34:2007:01, www.ieabioenergy.com/DownL oad.aspx?Docld=5417 .

Jones, Susanne, C. Valkenburg, C. Walton, D. Elliott, J. Holladay, D. Stevens, C. Kinchin, S. Czernik.
2009. “Production of gasoline and diesel from biomass via fast pyrolysis, hydrotreating and
hydrocracking: a design case.” PNNL-18284 Pacific Northwest National Laboratory, Richland, WA
http://www.pnl.gov/main/publications/external/technical reports/PNNL-18284.pdf

Jones, Susanne, L. Snowden-Swan. 2013. “Production of gasoline and diesel from biomass via fast
pyrolysis hydrtreating and hydrocracking: 2012 state of technology and projections to 2017.” PNNL-
22684, Pacific Northwest National Laboratory, Richland WA

Johnson, Warren, G. Yavari, D. Radelin. “Apparatus for separating fouling contaminants from non-
condensable gases at the end of a pyrolysis/thermolysis of biomass process.” Dynamotive Energy
Systems Corp. U.S. Patent 7,004,999 B2. February 28, 2006.

Kai, S, E. Kuoppala, F. Leena, A. Oasmaa. 1998. “Characterization of biomass-based flash pyrolysis
oils.” Biomass and Bioenergy, 14(2):103-113.

KDF 2013. Bioenergy Knowledge Discovery Framework,” U.S. Department of Energy,
https://www.bioenergykdf.net/ .

Kim, Kwang, T-S. Cho, J. Choi. 2012. “Influence of pyrolysis temperature on physicochemical properties
of biochar obtained from the fast pyrolysis of pitch pine (Pinus rigida).” Bioresource Technology,
118:158-162.

Kim, Kwang, I. Eom, S. Lee, D. Choi, H. Yeo, I-G. Choi, J Choi. 2011. “Investigation of
physicochemical properties of biooils produced from yellow poplar wood (Liriodendron tulipifera) at
various temperatures and residence times.” Journal of Analytical and Applied Pyrolysis, 92(1):2-9.

LCI 2012. U.S. Life-Cycle Inventory, v1.1 National Renewable Energy Technology Laboratory, Golden
CO. Accessed at https://www.lcacommons.gov/nrel/search .

Liu, Yang, Q. Shi, Y. Zhang, Y. He, K. Chung, S. Zhao, C. Zu. 2012. “Characterization of red pine
pyrolysis bio-oil by gas chromatography—mass spectrometry and negative-ion electrospray ionization
fourier transform ion cyclotron resonance mass spectrometry.” Energy & Fuels, 26(7):4532-4539.

Marker Terry, J. Petri, T. Kalnes, M. McCall, D. Mackowiak, B. Jerosky, B. Regan, L. Nemeth, M.
Krawczyk, S. Czernik, D. Elliot, D. Shonnard. “Opportunities for biorenewables in oil refineries.” UOP,
Des Plaines, Illinois. Accessed at http://www.osti.gov/energycitations/product.biblio.jsp?osti 1d=861458 .

Meyer, Robert. Handbook of Petroleum Refining Processes. 3" ed. 2004. McGraw-Hill, New York.

44


http://www.nrel.gov/docs/fy11osti/47764.pdf
http://www.ieabioenergy.com/DownLoad.aspx?DocId=5417
http://www.pnl.gov/main/publications/external/technical_reports/PNNL-18284.pdf
https://www.bioenergykdf.net/
https://www.lcacommons.gov/nrel/search
http://www.osti.gov/energycitations/product.biblio.jsp?osti_id=861458

Meier, Dietrich, B. van de Beld, A. Bridgwater, D. Elliott, A. Oasmaa, F. Preto. 2013. “State-of-the-art of
fast pyrolysis in IEA bioenergy member countries.” Renewable and Sustainable Energy Reviews, 20:619-
641.

Mullen, Charles, G. Strahan, A. Boateng. 2009. “Characterization of various fast pyrolysis bio-oils by
NMR spectroscopy.” Energy & Fuels, 23:2707-27109.

Muth 2013a. Muth, David, C. Wright, E. Searcy, J. Jacobson, K. Cafferty. “Achieve a modeled delivered
feedstock cost of $55.77/DM ton with a quality specification of 10% Moisture Content, 2 mm particle
size, and <1% ash.” INL/EXT-13-29694, Idaho National Laboratory, Idaho Falls, 1D.

Muth 2013b. Muth, David, J. Jacobson, K. Cafferty, R. Jeffers, “Feedstock pathways for bio-oil and
syngas conversion pathways.” TM2013-002-0, Idaho National Laboratory, Idaho Falls, ID.

Oasmaa, Anja, Y. Solantausta, V. Arpiainen, E. Kuoppala, K. Sipild. 2010. “Fast pyrolysis bio-oils from
wood and agricultural residues.” Energy & Fuels, 24(2):1380-1388.

Perlack, Robert, B. Stokes. 2011.“U.S. billion-ton update: biomass supply for a bioenergy and
bioproducts industry.” Oak Ridge National Laboratory, Oak Ridge TN. ORNL/TM-2011/224. Accessed
at http://www1.eere.energy.gov/biomass/pdfs/billion_ton_update.pdf.

Peacocke, George, C. Dick, R. Hague, L. Cooke, A. Bridgwater. 1997. “Comparison of ablative and fluid
bed fast pyrolysis products: yields and analyses.” In Developments in Thermochemical Biomass
Conversion, Vol. 1. A. Bridgwater, editor, Blackie Academic and Professional, London.

PGM 2013. Platinum Today, http://www.platinum.matthey.com/. Accessed June 2013.

Phillips, Steven, A. Aden, J. Jechura, D. Dayton, T. Eggman. 2007. “Thermochemical ethanol via indirect
gasification and mixed alcohol synthesis of lignocellulosic biomass.” NREL/TP-510-41168 National
Renewable Energy Laboratory, Golden, CO http://www.nrel.gov/docs/fy07osti/41168.pdf

Schobert, Harold. H. Coal Science and Technology, Preface Volume 23. 1995. Elsevier.

Searcy, Erin, J. Hess. 2010. “Uniform-format feedstock supply system: commodity-scale design to
produce an infrastructure-compatible biocrude from lignocellulosic biomass.” INL/EXT-10-20372 Rev 0
DRAFT. Idaho National Laboratory, Idaho Falls, ID. Accessed at www.inl.gov/bioenergy/uniform-
feedstock.

Searcy, E. 2011. Email communication with S. Jones PNNL.
SimaPro 2011. SimaPro, v.7.3; Product Ecology Consultants: Amersfoort, the Netherlands, 2011.

Solantausta, Yrj6. 2003. “Techno-economic assessment, the finnish case study.” COMBIO Project
NNE5-CT-00604, VTT Technical Research Centre of Finland. Accessed at http://www.combio-
project.com/economics.htm .

Spath, Pamela, A. Aden, T. Eggeman, M. Ringer, B. Wallace, and J. Jechura. 2005. “Biomass to
hydrogen production detailed design and economics utilizing the Battelle Columbus Laboratory

45


http://www1.eere.energy.gov/biomass/pdfs/billion_ton_update.pdf
http://www.platinum.matthey.com/
http://www.nrel.gov/docs/fy07osti/41168.pdf
http://www.inl.gov/bioenergy/uniform-feedstock
http://www.inl.gov/bioenergy/uniform-feedstock
http://www.combio-project.com/economics.htm
http://www.combio-project.com/economics.htm

indirectly-heated gasifier.” NREL/TP-510-37408, National Renewable Energy Laboratory, Golden, CO.
Accessed at http://www.nrel.gov/docs/fy050sti/37408.pdf .

SRI 2007. “Hydrogen production from natural gas.” PEP Yearbook, Vol 1E, SRI International, Menlo
Park, California.

Thangalazhy-Gopakumar, Suchithra. 2010. “Physiochemical properties of bio-oil produced at various
temperatures from pine wood using an auger reactor.” Bioresource Technology, 101(21):8389-8395.

Templeton, David, A. Sluiter, T. Hayward, B. Hames, S. Thomas. 2009. “Assessing corn stover
composition and sources of variability via NIRS.” Cellulose. 16:621-39.

Trebbi Giuliano. 1997. “Plans for the production and utilization of bio-oil from biomass fast pyrolysis.”
In Developments in Thermochemical Biomass Conversion, Vol. 1. A. Bridgwater, editor, Blackie
Academic and Professional, London.

Tziotzios, George, S. Michailakis, D.Vayenas. 2007. “Aerobic biological treatment of olive mill
wastewater by olive pulp bacteria.” International Biodeterioration & Biodegradation, 60(4):209-214.

U.S. Life Cycle Inventory Database. 2012. National Renewable Energy Laboratory. Accessed November
19, 2012: https://www.lcacommons.gov/nrel/search.

Venderbosch, Robbie, A. Ardiyanti, J. Wildschut, A. Oasmaa A., H. Heeres. 2010. “Stabilization of
biomass-derived pyrolysis oils.” Journal of Chemical Technology and Biotechnology, 85(5):674-686.

Vispute, Tushar, G. Huber. 2009. “Production of hydrogen, alkanes and polyols by aqueous phase
processing of wood-derived pyrolysis oils.” Green Chemistry, 11:1433-1445.

Wang, Huamin, J. Male, Y. Wang. 2013. “Recent advances in hydrotreating of pyrolysis bio-oil and its
oxygen-containing model compounds.” ACS Catalysis, 3(5):1047-1070.

Worley, Matt, J. Yale. 2012. “Biomass gasification technology assessment: consolidated report.”
NREL/SR-5100-57085 National Renewable Energy Laboratory, Golden, CO. Accessed at
http://www.nrel.gov/docs/fy130sti/57085.pdf.

Zacher, Alan, M. Olarte, D. Santosa, D. Elliott, S. Jones. 2013. “A review and perspective of recent bio-
oil hydrotreating research.” Green Chemistry, DOI: 10.1039/C3GC41382A.

46


http://www.nrel.gov/docs/fy05osti/37408.pdf
https://www.lcacommons.gov/nrel/search
http://www.nrel.gov/docs/fy13osti/57085.pdf

Appendix A: Base Case Heat and Material Balances

149

Pyrolysis oil to
A200-1

C-147
148 [ Compressor
[
T-135
27 Quench Column
- 147
T-110 ) ows
Bag house Filter CWR
—
To A700-1 From A700-2 it
Quench water
@ T-134
360 Quench Column
163 @
Disposal rrrr——
— E-138
V E-110 Air Cooler \V
Ash Cooler 130 P-134 —h
=N (3
C-101
Air Compressor
7 5-110 5-155
@ Cyclone Pyrolysis Oil Cold Filter 2
81 Y c-110 126
. Air Compressor
R-110 Air R-124
Pyrolyzer @ - Char
@ Combustor f::;? Makeup
92 To Atmosphere sand PR e
158> M-110
M-91 M-98 Filtrate Screw Feeder
Biomass feeder Biomass Feeder 125 154
Ervvv)
As-Received 100
Feedstock C-101
Dryer 150 )
170
Off-gas to A600

Fast Pyrolysis

47



Stream No. 80 81 90 92 93 100 101 111 113 120 121 122 125 126 127 128 129 130 131 136 138 139
Temp F 90 118 68 584 161 160 931 813 813 90 163 60 1128) 1128 1128| 1048 800 813 158 140 140 140
Pres psia 14.7 16.7 14.7 16.7 15.7 20.7 20.7 17.7 17.7 15.0 207  17.7] 20.7 20.7 20.7 20.7 20.7 17.7 17.7 25.0 25.0 25.0
Vapor mole frac. 1.00 1.00 0.00 1.00 1.00 0.00 1.00 1.00 1.00 1.00 1.00] 0.00 0.00 1.00 1.00 1.00 1.00 1.00 0.00 0.00 0.00 0.00
Total Ib/h 190000| 190000| 262454| 572662| 626345 204130| 3419818| 3419818| 2686288 347400| 347400 285| 2664538| 384637 382662| 382662| 382662| 733530| 2.012E+07| 2.012E+07| 2.000E+07| 119715
Flow rates in Ib/h

Wood 0 0] 182028 0 0| 182028| 182028 0| 0 0 0 0 0 0 0 0 0 0| 0| 0 0 0
Water 3719 3719| 78736) 19234| 72918 20412) 22449| 44495 0] 6800/ 6800 0] 0] 15515 15515| 15515| 15515( 44495| 1102290( 1102290 1095731 6559
Hydrogen 0| ) 0 0 0 0 178 555 369 0 0 0] 0 0 0 0 0 185 0| 0] 0] 0
Oxygen 43108| 43108 0] 59168 59168 0 0 1446 1446| 78820[ 78820 0| 0] 16060[ 16060| 16060| 16060 0| 0] 0] 0 0
Nitrogen 140688| 140688, 0] 398228| 398228 0 0 303 303| 257237| 257237 0 0] 257540| 257540| 257540| 257540 0| 0] 0 0 0
Argon 2397 2397 0] 6780 6780 0 0 0 0] 4383 4383 0 0] 4383| 4383| 4383 4383 0| 0 0 0 0
Carbon monoxide 0 0 0 0 0 0| 253324| 263429 0 0 0 0 0 0 0 0 0| 263429 550 550 547 3
Carbon dioxide 88 88 0] 89151 89151 0| 238706) 248267 0 160 160 0 0] 89063 89063| 89063] 89063[ 248267 5869 5869 5834 35
Methane 0 0 0 0 0 0| 33628 34970 0 0 0 0 0 0 0 0 0| 34970 104 104 104 1
Ethane 0| 0 0 0 0 0 4630 4815 0 0 0 0 0 0 0 0 0| 4815 75 75 74 0
Propane 0 0 0 0 0 0 114 119 0 0 0 0 0 0 0 0 0 119 4 4 4 0
N-butane 0 0 0 0 0 0 0 0| 0 0 0 0 0 0 0 0 0 0| 0 0 0 0
Ethene 0 0 0 0 0 0| 10631 11056 0 0 0 0 0 0 0 0 0 11056 168 168 167 1
Propene 0 0 0 0 0 0 7407 7704 0 0 0 0] 0 0 0 0 0| 7704 259 259 258 2
1-Butene 0| 0 0 0 0 0 0 0] 0 0 0 0] 0 0 0 0 0 0] 0] 0] 0 0
Sulfur dioxide 0 0 0 100 100 0 0 0| 0 0 0 0| 0 100 100 100 100 0| 0] 0 0| 0
Nitrogen dioxide 0 0 0 1 1 0 0 0| 0 0 0 0| 0 1 1 1 1 0| 0] 0 0 0
Acids 0 0 0 0 0 0 108 6574 0 0 0 0 0 0 0 0 0| 6574 927661 927661 922141 5520
Aldehydes 0 0 0 0 0 0 0 8231 0 0 0 0 0 0 0 0 0| 8231 1382390 1382390| 1374165 8225
Ketones 0 0 0 0 0 0 388 9794 0 0 0 0 0 0 0 0 0| 9794 1023661 1023661| 1017570 6091
Alcohols 0 0 0 0 0 0 0 8231 0 0 0 0 0 0 0 0 0| 8231 1383206 1383206| 1374976 8230
Guaiacols 0 0 0 0 0 0 0 5879 0 0 0 0 0 0 0 0 0| 5879 986741 986741 980869 5871
Low MW sugars 0 0 0 0 0 0 0 7055 0 0 0 0 0 0 0 0 0| 7055 1185642 1185642| 1178587 7055
High MW sugars 0 0 0 0 0 0 0| 39977 0 0 0 0 0 0 0 0 0| 39977| 6718603| 6718603| 6678626 39977
Extractives 0| 0 0 0 0 0 0 3527 0 0 0 0 0 0 0 0 0| 3527 592490 592490 588964 3525
Low MW lignin derived A 0] 0 0 0 0 0 0f 12934 0 0 0 0] 0 0 0 0 0 12934 2173475 2173475| 2160543 12933
Low MW lignin derived B 0] 0] 0 0 0 0 0 2606 0] 0 0 0 0 0 0 0 0| 2606 349377 349377 347298 2079
High MW lignin derived A 0 0 0 0 0 0 0 10804 0 0 0 0 0 0 0 0 0| 10804| 1815687 1815687| 1804883 10804
High MW lignin derived B 0| 0 0 0 0 0 0 2352 0 0 0 0 0 0 0 0 0] 2352 395212 395212 392861 2352
Nitrogen compounds 0| 0 0 0 0 0 0 82 0 0 0 0 0 0 0 0 0 82 1667 1667 1657| 10
Sulfur compounds 0 0 0 0 0 0 0 29 0 0 0 0 0 0 0 0 0 29 4891 4891 4862 29
Sulfur 0 0 0 0 0 0 0 50 50 0 0 0 0 0 0 0 0 0| 0 0 0 0
Carbon 0 0 0 0 0 0 0| 18306 18306 0 0 0 0 0 0 0 0 0| 0| 0 0 0
Ash 0 0] 1690 0 0] 1690 1690 1690 1561 0 0 0 0] 1690 0 0 0 130 21773 21773 21644 130
Sand 0 0 0 0 0 0| 2664538| 2664538| 2664253 0 0 285| 2664538 285 0 0 0 285 47925 47925 47640 285
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Stream No. 140 141 142| 145 146 147 148 149 150 151 154] 158| 160 161 163 170 200 712] 713|714 801 802,
Temp F 158 113 113] 113 110 113 113 162 162 130 162 130 60 211 211 162 130] 283| 498 501 90 110
Pres psia 18 18 18 35 30, 18 18 23 23 18 23 18 18 18 18 23 18| 685/ 680 675 60 55
Vapor mole frac. 1.00 0.00 1.00] 0.00 0.00 0.00f 1.00f 1.00{ 1.00 0.00f 1.00] 0.00] 0.00f 0.000 000} 100] 0.0 0.0 0.00 1.00 0.00 0.00
Total Ib/h 613814| 8.015E+06| 598591| 15222 8.000E+06| 25463| 573128| 573128| 551150 160401) 9900| 5302| 2690| 4665| 4665 12078| 155099 36600| 36600| 36600| 1.060E+06| 1.060E+06
Flow rates in Ib/h

Wood 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Water 37936| 6034727| 26475| 11461 6023266| 24357| 2118| 2118| 2037| 42377 37[ 1294 2690] 2690| 2690 45 41082| 36600| 36600 36600| 1059526 1059526
Hydrogen 185 0 185 0 0 0 185 185 178 0 3 0 0 0 0 4 0 0 0 0 0 0
Oxygen 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Nitrogen 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Argon 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Carbon monoxide 263426 186| 263426 0 185 0] 263426| 263426| 253324 4] 4550 0 0 0 0] 5551 4 0 0 0 0 0
Carbon dioxide 248233 3997| 248225 8 3989 0| 248225| 248225| 238706 43| 4288 1 0 0 0] 5231 41 0 0 0 0 0
Methane 34970 69 34969 0 69 0| 34969| 34969| 33628 1 604 0 0 0 of 737 1 0 0 0 0 0
Ethane 4814 48[ 4814 0 48 0| 4814| 4814] 4630 1 83 0 0 0 0f 101 1 0 0 0 0 0
Propane 119 2 119 0 2 0 119 119 114 0 2 0 0 0 0 2 0 0 0 0 0 0
N-butane 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Ethene 11055 125 11055 0 125 0 11055 11055 10631 1 191 0 0 0 0f 233 1 0 0 0 0 0
Propene 7703 122| 7703 0 122 0] 7703 7703| 7407 2| 133 0 0 0 0] 162 2 0 0 0 0 0
1-Butene 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Sulfur dioxide 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Nitrogen dioxide 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Acids 1055 437572 224| 831 436741 112 112 112 108 6463 2| 197 0 0 0 2| 6265 0 0 0 0 0
Aldehydes 5 2653 0 5 2648 0 0 0 0 8230 0 251 0 0 0 0] 7979 0 0 0 0 0
Ketones 3703| 1525333 806| 2897 1522436 403 403 403 388 9391 7287 0 0 0 8] 9104 0 0 0 0 0
Alcohols 0 152 0 0 152 0 0 0 0 8231 0] 251 0 0 0 0] 7979 0 0 0 0 0
Guaiacols 8 4057 0 8 4049 0 0 0 0 5879 0] 180 0 0 0 0] 5699 0 0 0 0 0
Low MW sugars 0 0 0 0 0 0 0 0 0 7055 0 215 0 0 0 0] 6839 0 0 0 0 0
High MW sugars 0 0 0 0 0 0 0 0 0| 39977 0| 1221 0 0 0 0| 38756 0 0 0 0 0
Extractives 2 745 1 1 744, 1 0 0 0 3527 0 108 0 0 0 0| 3420 0 0 0 0 0
Low MW lignin derived A 1 641 0 1 640 0 0 0 0| 12934 0 395 0 0 0 0 12539 0 0 0 0 0
Low MW lignin derived B 527 4531 519 9 4523 519 0 0 0 2606 0 80 0 0 0 0] 2527 0 0 0 0 0
High MW lignin derived A 0 0 0 0 0 0 0 0 0] 10804 0 330 0 0 0 0] 10474 0 0 0 0 0
High MW lignin derived B 0 0 0 0 0 0 0 0 0 2352 0 72 0 0 0 0] 2280 0 0 0 0 0
Nitrogen compounds 72 196 72 0 195 72 0 0 0 82 0 3 0 0 0 0 80 0 0 0| 0| 0
Sulfur compounds 0 67 0 0 67 0 0 0 0 29 0 1 0 0 0 0 28 0 0 0 0 0
Sulfur 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Carbon 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Ash 0 0 0 0 0 0 0 0 0 130 0] 130 0] 1690] 1690 0 0 0 0 0 0 0
Sand 0 0 0 0 0 0 0 0 0 285 0 28 0] 285 285 0 0 0 0 0 0 0
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Stream No. 200 201 202 203 204|  205] 208| 210 211 212 214 218 221 223 224 227 228 229 231 236 237 238 239 240| 241 242
Temp F 130 131 132 284 105 105 150[ 150 105 106 115 300 348 550 550 767 580 400 352 300 150 150 150 51| 51 51|
Pres psia 18 1200]  1200] 1190| 1185 1185| 2065 2065 1185 2070 2060| 2055 2030| 2025  2010| 1990 1990 1985 1985 1980[ 1975 1980| 1980 755| 755 755
Vapor mole frac. 0.00 0.00[ 053] 055 053 1.00[ 100 1.00 0.00, 0.00, 0.59 0.61 0.63 0.90 0.90 1.00] 1.00, 0.91 0.83 0.78 0.74] 0.00[ 1.00] 1.00[ 0.00] 1.00)
Total Ib/h 155099| 155099| 161729| 161729| 161729| 6767| 28453| 8453] 154962| 154962| 163428 163428 163428| 163428| 163466| 183466| 183466| 183466| 183466| 183466| 183466) 53017| 53505 53505| 333| 53172
Flow rates in lb/h

Water 41082 41082| 41082 41082 41082 67 67| 20| 41016 41016 41036 41036 44690| 44690| 44690| 77292| 77292| 77292| 77292| 77292| 77292 66 397 397| 331 66
Hydrogen 0 0| 6630] 6535 6535 6498| 28185 8373 37 37| 8410 8410( 8153| 8153| 8153 21652 21652 21652| 21652| 21652| 21652 4] 21634 21634 0| 21634
Carbon monoxide 4 4 4 4 4 3 3 1 0 0 1 1 1 1 1 624 624 624 624 624 624 0 624 624 0 624
Carbon dioxide 41 41 41 66| 66| 59 59 17 7 7 25 25| 1237 1237, 1237 12539 12539| 12539 12539| 12539 12539 22| 12496| 12496 1| 12495
Methane 1 1 1) 135 135 133 133 39 2 2 41 41 522 522 522 5965 5965 5965 5965 5965 5965 1| 5961] 5961 0| 5961
Ethane 1 1 1 1 1 0 0 0 0 0 0 0 889 889 889| 5075 5075|  5075| 5075 5075 5075 1| 5074|5074 0| 5074
Propane 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0l 3017 3017 3017[ 3017| 3017| 3017| 596 2401| 2401 0] 2401
N-butane 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0] 3024|3024 3024 3024 3024 3024 1259 1752| 1752 0] 1752
N-pentane 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 3982| 3982 3982 3982 3982 3982 2623| 1351] 1351 0] 1350
Ethene 1 1 1 1 1 1 1 0 0 0] 0] 0 0 0 0 1 1 1 1 1 1 0] 1 1 0 1
Propene 2 2 2 2 2 1 1 0 0 0 1 1 1 1 1 2 2 2 2 2 2 0 1 1 0 1
Hydrogen sulfide 0 0 0 0 0 0 0 0 0 0 0 0 7 7 7 30 30 30 30 30| 30| 4] 17 17 0 17
Acids 6265 6265 6265 5021 5021 1 1 0 5020 5020 5020 5020 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Aldehydes 7979 7979 7979 7979 7979 0 0 0 7979 7979 7979 7979 7979 7979 7979 0 0 0 0 0 0 0 0 0 0 0
Ketones 9104 9104 9104 7304 7304 0 0 0 7304 7304 7304 7304 0 0 0 1 1 1 1 1 1 0 0 0 0 0
Alcohols 7979| 7979 7979 7979|7979 0] 0 O 7979| 7979| 7979| 7979| 7979 7979 7979 0 0 0 0 0 0 0 0 0 0 0
Guaiacols 5699)  5699| 5699 5699 5699 0 0 0| 5699| 5699| 5699 5699 5699 5699 5699 0] 0] 0] 0 0| 0| 0 0| 0| 0] 0]
Low MW sugars 6839)  6839] 6839 6839 6839 0 0 O 6839] 6839] 6839 6839 0 0| 0] 0] 0] 0] 0 0| 0| 0 0| 0| 0] 0]
High MW sugars 38756| 38756| 38756 38756 38756 0 0 0| 38756| 38756 38756 38756 38756 38756 38756 0 0 0 0 0 0 0 0 0 0 0
Extractives 3420)  3420] 3420] 3249 3249 0 0 0]  3249] 3249] 3249] 3249 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Low MW lignin derived A 12539| 12539| 12539] 11536 11536 0 0 0| 11536] 11536| 11536 11536 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Low MW lignin derived B 2527)  2527| 2527| 2527|2527 2 2 0| 2525| 2525| 2525 2525 2525 2525 2525 1 1 1 1 1 1 1 0 0 0 0
High MW lignin derived A 10474| 10474 10474| 10474 10474 0 0 0| 10474| 10474| 10474| 10474 7855 7855 7855 0 0 0 0 0 0 0 0 0 0 0
High MW lignin derived B 2280 2280 2280 2280 2280 0 0 0 2280 2280 2280 2280 2280 2280 2280 0 0 0 0 0 0 0 0 0 0 0
Nitrogen compounds 80) 80 80 80| 80| 1 1 0 79 79 79 79 79 79| 79 80| 80, 80, 80, 80) 80) 79 0 0 0 0
Sulfur compounds 28 28 28 28 28 0 0 0 28 28 28 28 28] 28 28 13 13 13 13 13 13 13 0 0 0 0
Acids intermediates 0| 0| 0| 1274] 1274 0 0 0| 1273 1273 1274 1274 5637|5637 5637 0 0 0 0 0 0 0 0 0 0 0
Carbonyl intermediates 0 0 0| 1848] 1848 0 0 0 1848 1848 1848 1848 3492 3492 3492 0 0 0 0 0 0 0 0 0 0 0
Extractive intermediates 0 0 0 146 146 0 0 0 146 146 146 146 829 829 829 0 0 0 0 0 0 0 0 0 0 0
Low MW lignin compound

intermediates 0 0 0 886 886 0 0 0 886 886 886 886| 9681 9681 9681 0 0 0 0 0 0 0 0 0 0 0
High MW lignin compound

intermediates 0 0 0 0 0 0 0 0 0 0 0 0 4302 4302 4302 0 0 0 0 0 0 0 0 0 0 0
Sugar intermediate A 0 0 0 0 0 0 0 0 0 0 0 0 2955 2955 2955 0 0 0 0 0 0 0 0 0 0 0
Sugar intermediate B 0 0 0 0 0 0 0 0 0 0 0 0 3390 3390 3390 0 0 0 0 0 0 0 0 0 0 0
Short chain n-paraffins 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 6400] 6400[  6400(  6400( 6400/ 6400 5361 1033] 1033 0| 1033
Medium chain n-paraffins 0 0 0 0 0 0 0 0 0 0 0 0 0 0 O] 3080] 3080[ 3080[ 3080  3080[ 3080 3078 2 2 0 2
Iso-paraffin A 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 2148|2148 2148 2148 2148 2148 1964 184 184 0| 184
Iso-paraffin B 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 3115 3115 3115 3115 3115 3115 3096 19 19 0 19
Cyclo C5 A 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 2027| 2027| 2027| 2027| 2027| 2027 1913 114 114 0 114
Cyclo C5B 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 2618] 2618] 2618 2618 2618 2618 2533 85| 85 0 85
Cyclo C6 A 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 2754 2754 2754 2754 2754 2754 2454 295 295 0 295
Cyclo C6 B 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1857 1857 1857 1857 1857 1857| 1850 7 7 0 7
Bicyclos 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1699 1699 1699 1699 1699 1699| 1698 1 1) 0 1
Cyclo C7+ 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1739 1739 1739 1739 1739 1739| 1735 4 4 0 4
Aromatic A 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 4024 4024 4024 4024  4024|  4024| 3978 43 43 0] 43
Aromatic B 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 1687| 1687 1687 1687 1687 1687| 1682 4 4 0] 4
Phenanthrenes 0 0 0 0 0 0 0 0 0 0 0 O 4463 4463 4463  3247|  3247|  3247|  3247|  3247) 3247|3247, 0 0 0 0
Pyrenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0|  3141] 3141 3141 3141 3141 3141 3141 0 0 0 0
Diphenyl compounds 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 542 542 542 542 542 542| 542 0 0 0 0
Indans 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 869 869 869 869 869 869| 866 3 3 0 3
Indenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 648 648 648 648 648 648 648 0 0 0 0
1,2,3,4-Naphthalenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1263 1263 1263 1263 1263 1263| 1263 0 0 0 0
Naphthalenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 2173 2173 2173 2173 2173 2173 2173 0 0 0 0
Polynuclear aromatics 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 2678 2678 2678 2678 2678 2678 2678 0 0 0 0
Phenols 0 0 0 0 0 0 0 0 0 0 0 0 0 0 O| 2458 2458  2458|  2458|  2458|  2458| 2446 1 1 1 0]
Sulfide agent 0 0 0 0 0 0 0 0 0 0 13 13 0 0 38 0 0 0 0 0 0 0 0| 0| 0] 0]
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Stream No. 249 281 290 291 295 305 306 311 316 320 321 322 326 330 337 509 510 512 514
Temp F 268 35 157 300 138 336 300 149 149 258 347 400 150 678 685 382 1379 485 150
Pres psia 50 31 755 750 65 67 46 25 15 50 15 25 15 15 1295 1295 1270 1270 1260
Vapor mole frac. 1] 0 0.00 0.00! 1.00 0.00 0.00! 0.00! 0.00 1.00] 0.00! 0.00 0.00 0.00 0.00 0.94 1.00] 0.93 0.73
Total Ib/h 33702 397 53350 53350 3325 49674 10560 22234 22234 1172 28400 38001 28400 9600 9600 11166 11166 11166 11166/
Flow rates in Io/h

Water 66 397 397 397 46 0 0 0 0 4 0 0 0 0 0 0 0 0 0
Hydrogen 2163 0 4 4 4 0 0 0 0 69 0 0 0 0 0 1516 541 541 541
Carbon monoxide 624 0] 0] 0 0 0] 0 0 0] 20 0 0] 0] 0] 0] 0] 0] 0 0
Carbon dioxide 12495 0 23 23 23 0 0 0 0 396 0 0 0 0 0 0 0 0 0
Methane 5961, 0 1 1] 1] 0 0 0 0 189 0 0 0 0 0 0 0 0 0
Ethane 5074 0] 1 1 1 0) 0 0 0| 160 0 0| 0) 0) 0 0| 0] 0 0
Propane 2401 0 596 596 596 0 0 0 0 95 0 0 0 0 0 0 0 0 0
N-butane 1752 0 1260 1260 1260 0 0 0 0 95 0 0 0 0 0 0 0 0 0
N-pentane 1350 0] 2623 2623 1390 1233 0 1233 1233 87, 0 0] 0] 0] 0 0| 0] 0 0
Ethene 1] 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Propene 1] 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Hydrogen sulfide 17 0 4 4 4 0 0 0 0 1] 0 0 0 0 0 0 0 0 0
Acids 0 0| 0| 0 0 0| 0 0 0| 0| 0 0] 0| 0| 0) 0| 0) 0) 0
Extractives 0 0 0 0 0 0 70 0 0 0 0 70 0 70 70 70, 70 70 70
Low MW lignin derived A 0 0 0 0 0 0 252 0 0 0 0 252 0 252 252 252 252 252 252
Low MW lignin derived B 0 0] 1 1 0 1 0 0 0] 0 1 1 1 0] 0 0] 0 0 0
High MW lignin derived A 0 0 0 0 0 0 4 0 0 0 0 4 0 4 4 4 4 4 4
High MW lignin derived B 0 0 0 0 0 0 1 0 0 0 0 1 0 1] 1] 1 1] 1] 1]
Nitrogen compounds 0 0] 79 79 0 79 0 0 0] 0 79 79 79 0] 0] 0] 0 0 0
Sulfur compounds 0 0 13 13 0 13 224 0 0 0 13 237 13 224 224 224 224 224 224
Acids intermediates 0 0| 0| 0 0 0 0 0 0| 0 0 0| 0 0| 0 0| 0 0 0
Carbonyl intermediates ) 0| 0| 0 0 ) 0 0 0| 0 0 0| 0] 0] 0 0] 0] 0 0
Low MW lignin compound 0 0

intermediates 0 0 0 0 269 0 0 0 0 269 0 269 269 269 269 269 269
Short chain n-paraffins 1033 0 5361 5361 0 5361 0 5361 5361 33 0 0 0 0 0 0 0 0 0
Medium chain n-paraffins 2| 0] 3078 3078 0 3078 0 0 0| 0 3078 3078 3078 0| 0) 0| 0) 0 0
Iso-paraffin A 184 0 1964 1964 0 1964 0 1964 1964 6 0 0 0 0 0 0 0 0 0
Iso-paraffin B 19 0 3096 3096! 0 3096 0 1 1 1 3095! 3095 3095, 0 0 0 0 0 0
CycloC5 A 114 0] 1913 1913 0 1913 0 1913 1913 4 0 0] 0] 0 0 0) 0) 0 0
CycloC5B 85 0 2533 2533 0 2533 0 2530 2530, 3 3 3 3 0 0 0 0 0 0
CycloC6 A 295 0 2454 2454 0 2454 0 2454 2454 9 0 0 0 0 0 0 0 0 0
Cyclo C6 B 7] 0] 1850 1850 0 1850 0 0 0] 0 1850 1850 1850 0 0 0) 0] 0 0
Bicyclos 1 0] 1698 1698 0 1698 0 0 0| 0) 1698 1698 1698 0| 0 0| 0) 0 0
Cyclo C7+ 4 0 1735 1735 0 1735 0 0 0 0 1735 1735 1735 0 0 0 0 0 0
Aromatic A 43 0 3978 3978 0 3978, 0 592 592 1] 3386! 3386 3386 0 0 0 0 0 0
Aromatic B 4 0] 1682 1682 0 1682 0 0 0| 0 1682 1682 1682 0| 0| 0| 0) 0 0
Phenanthrenes 0 0 3247 3247 0 3247 0 0 0 0 1] 3247 1] 3246 3246 3246 0 0 0
Pyrenes 0 0 3141 3141 0 3141 0 0 0 0 0 3141 0 3141 3141 3141 0 0 0
Diphenyl compounds 0] 0] 542 542 0 542 0 0 0] 0 542 542 542 0] 0] ) 0] 0 0
Indans 3 0 866 866 0 866 0 0 0 0 866 866 866 0 0 0 0 0 0
Indenes 0 0 648 648 0 648 0 0 0 0 648 648 648 0 0 0 0 0 0
1,2,34-Naphthalenes 0 0] 1263 1263 0 1263 0 0 0] 0] 1263 1263 1263 0] 0 0] 0) 0 0
Naphthalenes 0 0| 2173 2173 0 2173 0 0 0| 0 2173 2173 2173 0| 0) 0| 0) 0 0
Polynuclear aromatics 0 0 2678 2678 0 2678 0 0 0 0 285 2678 285 2393 2393 2393 0 0 0
Phenols 0 0 2447 2447 0 2447 0 0 0 0 2447 2447 2447 0 0 0 0 0 0
N-paraffin-HCK product A 0] 0] 0] 0 0 0] 3492 21 21 0 3471 3471 3471 0] 0] 4 3498 3498 3498
Cyclo C6-HCK products 0 0 0 0 0 0 4320 4305 4305 0 14 14 14 0 0 39 4371 4371 4371
N-paraffin-HCK product B 0 0 0 0 0 0 1926 1859 1859 0 67 67 67 0 0 7 1935 1935 1935
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Stream No. 515 521 522 523 524 526 528 532 536 600 769 770 773 774 791 792 809 810
Temp F 110 110 110 110 117 120 120 77 95 258 283 501 500 499 300 265 90| 110
Pres psia 1255 1255 1255 1255 1295 50| 51 283 1295 50 685 680 675 670 670 665 60| 55
Vapor mole frac. 0.73 1.00 1.00 1.00 1.00 1.00 0.00) 1.00 1.00 1.00 0.00 1.00 1.00 0.01 0.00 0.00) 0.00) 0.00
Total Ib/h 11166 581 10 571 571 25 10560 995 995 35889 9814 9814 5668 5668 29700] 29700] 14807 14807
Flow rates in Ib/h

Water 0 0 0 0 0 0 0 0 0 109 9814 9814 5668 5668 29700 29700 14807 14807
Hydrogen 541 531 9 522 522 9 0 995 995 2117 0 0 0 0 0 0 0 0
Carbon monoxide 0 0] 0 0] 0 0] 0] 0] 0] 604 0 0 0 0 0 0 0] 0
Carbon dioxide 0 0 0 0 0 0 0 0 0 12122 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0 0 5773 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0 0 4914 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0 0 2902 0 0 0 0 0 0 0 0
N-butane 0 0 0 0 0 0 0 0 0 2916 0 0 0 0 0 0 0 0
N-pentane 0 0 0 0 0 0 0 0 0 2654 0 0 0 0 0 0 0 0
Ethene 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0
Propene 0 0 0 0 0 0 0 0 0 2 0 0 0 0 0 0 0 0
Hydrogen sulfide 0 0 0 0| 0 0| 0| 0| 0| 21 0 0 0 0 0 0 0| 0
Acids 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Extractives 70 0 0 0 0 0 70 0 0 0 0 0 0 0 0 0 0 0
Low MW lignin derived A 252 0 0 0 0 0 252 0 0 0 0 0 0 0 0 0 0 0
Low MW lignin derived B 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
High MW lignin derived A 4] 0 0 0 0 0 4 0 0 0 0 0 0 0 0 0 0 0
High MW lignin derived B 1 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0
Nitrogen compounds 0 0 0 0| 0 0| 0| 0| 0| 0 0 0 0 0 0 0 0| 0
Sulfur compounds 224 0 0 0| 0 0| 224 0| 0| 0 0 0 0 0 0 0 0| 0
Acids intermediates 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Carbonyl intermediates 0 0 0 0 0 0| 0| 0| 0| 0 0 0 0 0 0 0 0| 0
Low MW lignin compound

intermediates 269 0 0 0 0 0 269 0 0 0 0 0 0 0 0 0 0 0
Short chain n-paraffins 0 0 0 0 0 0| 0| 0| 0| 1001 0 0 0 0 0 0 0| 0
Medium chain n-paraffins 0 0 0 0 0 0| 0| 0 0| 2 0 0 0 0 0 0 0| 0
Iso-paraffin A 0 0 0 0 0 0 0 0 0 178 0 0 0 0 0 0 0 0
Iso-paraffin B 0 0 0 0 0 0 0 0 0 19 0 0 0 0 0 0 0 0
Cyclo C5 A 0 0 0 0 0 0 0 0 0 110 0 0 0 0 0 0 0 0
Cyclo C5B 0 0 0 0 0 0 0 0 0 82 0 0 0 0 0 0 0 0
Cyclo C6 A 0 0 0 0 0 0 0 0 0 286 0 0 0 0 0 0 0 0
Cyclo C6 B 0 0 0 0 0 0 0 0 0 7 0 0 0 0 0 0 0 0
Bicyclos 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0
Cyclo C7+ 0 0 0 0 0 0 0 0 0 4 0 0 0 0 0 0 0] 0
Aromatic A 0 0 0 0 0 0 0 0 0 42 0 0 0 0 0 0 0 0
Aromatic B 0 0 0 0 0 0 0 0 0 4 0 0 0 0 0 0 0 0
Phenanthrenes 0 0] 0 0 0 0 0| 0] 0] 0 0 0 0 0 0 0 0] 0
Pyrenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Diphenyl compounds 0 0 0 0 0 0 0| 0| 0| 0 0 0 0 0 0 0 0 0
Indans 0 0 0 0 0 0 0 0 0 3 0 0 0 0 0 0 0 0
Indenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
1,2,34-Naphthalenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Naphthalenes 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Polynuclear aromatics 0 0 0 0 0 0| 0| 0| 0| 0 0 0 0 0 0 0 0 0
Phenols 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
N-paraffin-HCK product A 3498 4 0 4 4 1 3492 0 0 1 0 0 0 0 0 0 0 0
Cyclo C6-HCK products 4371 40 1 39 39 12 4320 0 0 12 0 0 0 0 0 0 0 0
N-paraffin-HCK product B 1935 7 0 7 7 2 1926 0] 0] 2) 0 0 0 0 0 0] 0] 0
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Stream No. 170 250 532 600 601 602 609 610 611 630 650 651 656
Temp F 162 77 77 258 258 258 349 90 127 324 60 304 930
Pres psia 23 283 283 50 50 50 405 15 18 16 415 375 369
Vapor mole frac. 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00
Total Io/h 12078 8846 995 35889 5635 30255 42333 248000 248000 344393 7000 49333 147015
Flow rates in Ib/h

Water 45 0 0 109 17 92 136 4854 4854 42118 0 136 97836
Hydrogen 4 8846 995 2117 332 1785 1789 0 0 0 0 1789 1789
Oxygen 0 0 0 0 0 0 0 56268 56268 4452 0 0 0
Nitrogen 0 0 0 0 0 0 0 183635 183635 183749 114 114 114
Argon 0 0 0 0 0 0 0 3129 3129 3129 0 0 0
Carbon monoxide 5551 0 0 604 95 509 6061 0 0 0 0 6061 6061
Carbon dioxide 5231 0 0 12122 1903 10219 15450 114 114 110943 54 15504 15504
Methane 737 0 0 5773 906 4867 5604 0 0 0 6149 11753 11753
Ethane 101 0 0 4914 772 4143 4244 0 0 0 405 4649 4649
Propane 2 0 0 2902 456 2447 2449 0 0 0 180 2629 2629
N-butane 0 0 0 2916 458 2458 2458 0 0 0 47 2506 2506
N-pentane 0 0 0 2654 417 2237 2237 0 0 0 6 2243 2243
I-butane 0 0 0 0 0 0 0 0 0 0 36 36 36
I-pentane 0 0 0 0 0 0 0 0 0 0 6 6 6
Ethene 233 0 0 1 0 1 234 0 0 0 0 234 234
Propene 162 0 0 2 0 1 164 0 0 0 0 164 164
Hydrogen sulfide 0 0 0 21 3 17 17 0 0 3 0 17 0
Acids 2 0 0 0 0 0 2 0 0 0 0 2 2
Ketones 8 0 0 0 0 0 9 0 0 0 0 9 9
Nitrogen compounds 0 0 0 0 0 0 0 0 0 0 0 0 0
Short chain n-paraffins 0 0 0 1001 157 844 844 0 0 0 4 847 847
Medium chain n-paraffins 0 0 0 2 0 2 2 0 0 0 0 2 2
Iso-paraffin A 0 0 0 178 28 150 150 0 0 0 0 150 150
Iso-paraffin B 0 0 0 19 3 16 16 0 0 0 0 16 16
Cyclo C5 A 0 0 0 110 17 93 93 0 0 0 0 93 93
Cyclo C5B 0 0 0 82 13 69 69 0 0 0 0 69 69
Cyclo C6 A 0 0 0 286 45 241 241 0 0 0 0 241 241
Cyclo C6 B 0 0 0 7 1 6 6 0 0 0 0 6 6
Bicyclos 0 0 0 1 0 1 1 0 0 0 0 1 1
Cyclo C7+ 0 0 0 4 1 3 3 0 0 0 0 3 3
Aromatic A 0 0 0 42 7 35 35 0 0 0 0 35 35
Aromatic B 0 0 0 4 1 3 3 0 0 0 0 3 3
Indans 0 0 0 3 1 3 3 0 0 0 0 3 3
Indenes 0 0 0 0 0 0 0 0 0 0 0 0 0
Naphthalenes 0 0 0 0 0 0 0 0 0 0 0 0 0
N-paraffin-HCK product A 0 0 0 1 0 1 1 0 0 0 0 1 1
Cyclo C6-HCK products 0 0 0 12 2 10 10 0 0 0 0 10 10
N-paraffin-HCK product B 0 0 0 2 0 2 2 0 0 0 0 2 2
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Stream No. 662 667 671 672 680 681 682 690 706 721 723 730 733 743 752 790 791
Temp F 1110 1562 500 676 150 150 111 77 283 499 499 499 750 499 411 499 300
Pres psia 344 314 311 301 293 293 50| 283 685 675 675 675 670 675 680 675 670
Vapor mole frac. 1.00 1.00 1.00 1.00 1.00 0.00 0.99 1.00 0.00 0.00 0.50 1.00 1.00 0.69 0.00 1.00 0
Total Ib/h 147016 147015 147015 147016 100601 46415 90760 9841 203000 144380 144380 225650 127950 203000 203000 29700 29700
Flow rates in lb/h

Water 88456 65280 65280 48271 1856/ 46415 1856 0 203000 144380 144380 225650 127950 203000 203000 29700 29700
Hydrogen 2227 9675 9675 11578 11578 1737, 9841

Oxygen 0 0 0 0 0 0]

Nitrogen 114 114 114 114 114 114

Argon 0 0 0 0 0 0

Carbon monoxide 1245 32665 32665 6220 6220 6220

Carbon dioxide 30752 34377 34377 75928 75928 75928

Methane 24221 4905 4905 4905 4905 4905

Ethane

Propane

N-butane

N-pentane

1-butane

I-pentane

Ethene

Propene

Hydrogen sulfide

Acids

Ketones

Nitrogen compounds

Short chain n-paraffins
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Iso-paraffin A

Iso-paraffin B

Cyclo C5 A

Cyclo C5B

Cyclo C6 A

Cyclo C6 B

Bicyclos

Cyclo C7+

Aromatic A

Aromatic B

Indans

Indenes

Naphthalenes

N-paraffin-HCK product A

Cyclo C6-HCK products

N-paraffin-HCK product B
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R-202 in A200-1

@ 772
@ To A700-2
E-293 in A200-2
o an & >
rom : @ To A700-2
rom @ To A700-2
From A600 @
@ E-3100 in A300-A500 To A700.2
From A200-1
@ To A700-2
From A300-A500
‘e To A700-2
V-710
Steam Drum
Blowdown
To Area 600
C To A600
: To A700-2
Section A700-1
Steam System
Stream No. 714 721] 722  723] 730 73] 757 7wo|  7ma| 772l 73| 77al  7vs|  7ve|  77r] e 781 790
Temp F 501] 499] 499 499  499]  499] 499 501] 499] 489] 499] 498] 499] 494] 499] 498 499 499
Pres psia 675| 675| 675 675 675 675 675] 680] 675] 670 675] 670 675] 675] 675 670] 675] 675
Vapor mole frac. 1.000 000 000 050 100 069 036 100 100 o000 100l o001 1200 000 100 0.0 100 0.00
Total Ib/h 36600] 144380  8619| 144380| 225650| 203000] 75000] 9821 28000] 28000 5669| 5669] 4316| 4316] 13206| 13206] 9261 29700
Flow rates in lb/h
Water 36600] 144380  8619] 144380| 225650 203000] 75000] 9821 28000] 28000 5669] 5669] 4316] 4316] 13206] 13206] 9261 29700
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Steam Drivers

|

From A600 :

XVent
V-705
Deaerator 681
From R-202 in A200-1
@ From A600
From E-293 in A200-2
From A700-1
From E-2900 in A200-2 @
‘a From A700-1
From E-3100 in A300-A500
778
~— BFW to A600
& ® | D
~ To A100
& S
Makeup BFW 6 ) @ X
= P-706
P-700 @ To A300-A500
Section A700-2 To A200-1
Steam System
Stream No. 681] 700] 706] 708] 710] 712] 722] 733] 755] 73]  7ea] 7e5]  7e6] 769] 772] 774] 776] 778] 781] 788
Temp F 150 60| 283 63| 63| 283] 499] 750] 63] 482 219] 150] 150] 283] 489] 498 4094] 498] 499 283
Pres psia 293] 25| 685] 685| 685 685| 675] 670] 685 155 17l 17 70| 685] 670] 670 675] 670] 675] 685
Vapor mole frac. of o000 o000 000 000 000 0.00 1] 0.00] 100 098 of 0.0 000 o000 001 000 0.00 100/ 0.00
Total Ib/h 46415] 80985| 203000 80985] 5985 36600] 8619 127950 75000] 1279| 126671]126671| 126671 9821 28000 5669| 4316] 13206] 9261]249421
Flow rates in Ib/h
Water | 46415] 80985| 203000 80985 5985 36600 8619] 127950] 75000 1279] 126671]126671| 126671 9821 28000] 5669| 4316]13206] 9261]249421

60




Appendix B: Base Case Individual Equipment Cost Summary and Specifications

L COSsT . .
Equipment Number . Scaling Or.|g|na| New stream . . Original Equip  Base BASIS: Total Ongmall Equip Scaling Scaled Cost in Installation Installed Cost in Installed Cost in . Scaled
. Equipment Name Equipment ~ Stream . Size Ratio . . Cost (Req'd & Uninstalled Cost ~ source
Number Required Stream flow units Cost (per unit) ~ Year installed (i) or . Exponent  Base Year Factor Base Year 2011$ .
Stream Flow Flow bare (b) Spare) in Base Year in 2011$
A100 Fast Pyrolysis
2 CFB Pyrolyzer, quench & auxiliaries ~ dry feed, mtpd 400 1,000 mtpd 2.50 $38,000,000 2009 i $76,000,000 0.7 $144,334,981 3 $144,334,981 $161,979,303  $53,993,101 1
Subtotal Pyrolyzer and Auxiliaries $161,979,303  $53,993,101
10 Pyrolysis oil filters S151 6,000 38,184 gpd 6.36 $162500 2013 b $1,625,000 0.7 $5,935,589 14 $8,309,825 $8520,771  $6,086,265 9
1 Filtrate screw feeder S158 5,353 5,302 Ib/hr 0.99 $34500 1Q 2011 b $34,500 0.7 $34,270 1.28 $43,707 $44.777 $35,109 2
E180 1 Steam Gen - Char Burner Exhaust E180 area SF 104 138 sq feet 133 $10,900 1Q 2011 b $10,900 0.7 $13,306 9.73 $129,523 $132,694 $13,632 2
E181 1 BFW HTR - Char Burner Exhaust E181 area SF 476 746 sq feet 1.57 $124,100 1Q 2011 b $124,100 0.7 $170,016 39 $663,492 $679,739 $174,180 2
c1o1 1 AirCompressor for Char Exhaust 80 acfm 0 0 Mw 100 $2990900 1Q 2011 b $2,990900 07 $2990900 113 $3,380,800 $3463590  $3064,142 2
Cooling (stm drive)
Subtotal Filtration and Heat Recovery f $12,841571 $9,373,328
Subtotal A100 Fast Pyrolysis $174,820,874 $63,366,429
A200 Pyrolysis Oil Upgrading to Stable Oil
$200 at half
P200a 3 Feed Pump flow 125 128 gpm  1.03 $107,600 1Q 2011 b $322,800 0.65 $328,480 135 $443,448 $454,308 $336,524 2
R205 1 Stabilizer S200 2,058 2060 ligscth  1.00 $8,649,602 1Q 2011 b $8,649,602 0.65 $8,655,331 275 $23,802,161 $24,385,037 $8,867,286 2
R205 1 1st stg Reactor 200 2,058 2060 ligscfh  1.00 $3,112,000 1Q 2011 b $3,112,000 0.65 $3,114,061 2.75 $8,563,668 $8,773,379 $3,190,320 2
R215 4 2nd stg Reactors S200 2,058 2060 ligscfh  1.00 $4,890,600 1Q 2011 b $19,562,400 0.65  $19575,357 2.75 $53,832,233 $55,150,496 $20,054,726 2
P210 2 Sulfur Agent Pump S260 90 50 Ib/hr - 0.56 $8500 1Q 2011 b $17,000 0.65 $11,602 179 $20,798 $21,308 $11,886 2
V203 1 Stablilizer Product Flash S204 161,605 161,729 b/h  1.00 $57,100 1Q 2011 b $57,100 0.65 $57,129 3.02 $172,386 $176,608 $58,528 2
V230 1 2nd stg Three Phase Separator 237 183685 183465 b/h  1.00 $2,137,301 1Q 2011 b $2,137,301 0.65 $2,135,643 140 $2,985,582 $3,058,694 $2,187,941 2
V232 1 Hydrotreating Oil Flash S240 53,883 53,505 b/h  0.99 $499,300 1Q 2011 b $499,300 0.65 $497,016 1.58 $787,182 $806,459 $509,187 2
C231 1 Expander S239 699 688 acfm  0.98 $1,157,000 1Q 2011 b $1,157,000 0.65 $1,144,716 112 $1,278,030 $1,309,327 $1,172,748 2
E205 1 Stabilized Oil Cooler duty 25 25 mmbtu/hr 1.01 $127,500 1Q 2011 b $127,500 0.65 $128,689 5.29 $680,182 $696,838 $131,840 2
E215 1 1st Feed/Product Heat Exchanger duty 28.47 27.70 mmbtuhr  0.97 $285,400 1Q 2011 b $285,400 0.65 $280,378 3.35 $940,162 $963,185 $287,244 2
E221 1 2nd Feed/Product Heat Exchanger duty 52.81 51.72 mmbtu/hr  0.98 $1,199,000 1Q 2011 b $1,199,000 0.65 $1,182,856 2.64 $3,121,002 $3,197,431 $1,211,822 2
E228 1 HT Oil Product Heat Recovery duty 29.75 32.08 mmbtu/hr  1.08 $130,900 1Q 2011 b $130,900 0.65 $137,476 6.44 $885,977 $907,673 $140,842 2
E229 1 HT Oil Product Cooler duty 23.32 21.51 mmbtu/hr  0.92 $247,200 1Q 2011 b $247,200 0.65 $234,581 3.86 $906,156 $928 347 $240,326 2
E294 1 PSA Feed Heater duty 2.17 3.03 mmbtuwhr  1.09 $26,500 1Q 2011 b $26,500 0.65 $28,091 2.34 $65,839 $67,451 $28,779 2
E298 1 Blowdown cooler duty 154 1.27 mmbtuwhr  0.82 $21400 1Q 2011 b $21,400 0.65 $18,880 3.72 $70,282 $72,003 $19,342 2
H222 1 Fired Heater - startup duty 8.62 8.62 mmbtwhr  1.00 $391,700 1Q 2011 b $391,700 0.65 $391,700 114 $444,935 $455,831 $401,292 2
E227 1 Air Cooler duty 40 40 mmbtu/hr 0.99 $326,000 1Q 2011 b $326,000 0.65 $324,001 129 $419,213 $429,479 $331,935 2
E293 1 Light Column Feed Heater duty 4 4 mmbtuw/hr  1.00 $19,400 1Q 2011 b $19,400 0.65 $19,400 7.70 $149,400 $153,059 $19,875 2
E2900 1 T290 Reboiler duty 3 3 mmbtuw/hr 112 $29,600 1Q 2011 b $29,600 0.65 $31,780 291 $92,550 $94,816 $32,559 2
E2901 1 T290 Condenser duty 2 2 mmbtuhr  0.94 $28,100 1Q 2011 b $28,100 0.65 $27,064 3.34 $90,343 $92,555 $27,727 2
T290 1 Light Column 5291 53272 53350 Ib/hr - 1.00 $219,400 1Q 2011 b $219,400 0.65 $219,610 1.46 $320,374 $328,219 $224,987 2
V290 1 T290 Reflux Drum SZQZ:\}VhaIf 119 58StdLgpm  0.49 $31,200 1Q 2011 b $31,200 0.65 $19,653 4.25 $83527 $85,572 $20,135 2
P206 3 Stablized Product Pump S211 129 258 gpm  2.00 $88400 2Q 2011 b $265,200 0.65 $415,619 139 $577,710 $591,858 $425,797 2
V222 1 PSA S243 53484 53172 Ib/hr - 0.99 $4511278 2013 i $4,511,278 0.65 $4,494,160 3.00 $4,494,160 $4,052,701 $1,350,900 10
C251 1 PSA Off Gas compressor MW 1.00 1.00 MW 0.99 $1457,700 1Q 2011 b $1,457,700 0.65 $1,450,850 112 $1,623,137 $1,662,885 $1,486,379 2
C208a,b 1 Stabilizer gas product compressor MwW 4 4 MW 111 $1,919,400 1Q 2011 b $1,919,400 0.65 $2,058,678 1.09 $2,242,706 $2,297,626 $2,109,092 2
C252 1 Makeup Hydrogen Compressor MW 2 2 MW 1.04 $1,395,800 1Q 2011 b $1,395,800 0.65 $1,433,161 1.09 $1,562,225 $1,600,481 $1,468,256 2
C254 1 Hydrogen Compressor MW 3 4 MW 112 $1,693,200 1Q 2011 b $1,693,200 0.65 $1,817,657 1.09 $1,988,700 $2,037,400 $1,862,169 2
Subtotal A200 Pyrolysis Oil Upgrading to Stable Oil T $1148510267 $48,210,444
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Equipment Number . Scaling Or.lglnal New stream . . Original Equip Base BASIS: Total Onglna‘I Equip Scaling  Scaled Cost in Installation Installed Cost in Installed Cost in . Scaled
. Equipment Name Equipment  Stream . Size Ratio . . ! Cost (Req'd & Uninstalled Cost ~ source
Number Required Stream flow units Cost (perunit) ~ Year installed (i) or X Exponent  Base Year Factor Base Year 2011$ .
Stream Flow Flow bare (b) Spare) in Base Year in 2011$
A 300 & 500 Product Separation and Hydrocracking

T310 1 T-310 Naphtha Splitter S305 50,335 49,674 lb/h  0.99 $321,200 1Q 2011 b $321,200 0.65 318,455 1.74 553,727 567,287 $326,253 2
T320 1 T-320 Product Splitter S323 38,000 38,001 lb/h  1.00 $484,600 1Q 2011 b $484,600 0.65 484,607 1.67 809,612 829,438 $496,474 2
E3100 1 T-310 Reboiler DUTY 9.65 9.40 mmbtuh  0.97 $58,700 1Q 2011 b $58,700 0.65 57,707 247 142,547 146,038 $59,120 2
E3200 1 T-320 Fired Reboiler DUTY 14.60 14.00 mmbtuh  1.00 $425300 1Q 2011 b $425,300 0.65 413,856 1.29 533,874 546,948 $423,991 2
E3101 1 T-310 Air Cool Condenser DUTY 10.24 10.24 mmbtuh  1.00 $255,600 1Q 2011 b $255,600 0.65 255,600 1.46 373176 382314 $261,859 2
E3201 1 T-320 Air Cool Condenser DUTY 13.89 13.52 mmbtuh  1.00 $207,100 1Q 2011 b $207,100 0.65 203,497 1.39 282,861 289,788 $208,481 2
V310 1 T-310 Reflux Drum wksht 83 83 gom  1.00 $28900 1Q 2011 b $28,900 0.65 28,880 4.96 143,299 146,808 $29,587 2
V320 1 T-320 Reflux Drum wksht 15 16 gpm 107 $14,700 1Q 2011 b $14,700 0.65 15,367 6.72 103,284 105,813 $15,743 2
P332 2 T-310 bottom product pump S323 16 16 gpm  1.00 $5600 1Q 2011 b $11,200 0.65 11,195 2.69 30,152 30,890 $11,470 2
P333 2 T-310 bottom product pump S323 16 16 gpm 100 $5700 1Q 2011 b $11,400 0.65 11,395 4.56 51,969 53,242 $11674 2

1 Hydrocracker Unit : S337 2,250 551 bpdfd  0.24 $30,000,000 1Q 2005 i $30,000,000 0.65 12,018,172 3.00 12,018,172 15,063,222 $5,021,074 4
H508 H508 Fired heater
R510 R510 Hydrocracker Vessel
E513 E513 Feed/product exchanger
E516 E516 air cooler
E517 E517 trim cooler
V520 V520 HP flash
V530 V530 LP flash
C522 Fuel Gas Compresor
E315 1 Gasoline Product Cooler EI:&ZI;OI der 1.0 1.00 mmbtuh  1.00 $66,800 1Q 2011 b $66,800 0.65 66,800 1.30 86,997 89,127 $68,436 2
E325 1 Diesel Product Cooler Duty 31 298 mmbtuh  0.96 $185,800 1Q 2011 b $185,800 0.65 181,093 137 248,637 254,726 $185,527 2

Subtotal A 300 & 500 Product Separation and Hydrocracking ! $18,505,641 I $7,119,689

AB00 Hydrogen Plant

1 Steam Reformer System S250+S501 49.0 445 mscfdH2 091 $66,875,000 May 2007 i $66,875,000 0.65 62,781,396 1.92 62,781,396 $69,144535  $36,012,778.46 5

Subtotal Hydrogen Plant 62,781,396 69,144,535 36,012,778
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Original

New

Total Original Equip

Scaled

Equipment Num_ber Equipment Name Scaling Equipment | Stream strean_w Size Ratio Original Equ.ip Base ) BASIS' Cost (Req'd & Scaling Scaled Costin Installation Installed Cost in Installed Cost in Uninstalled Cost  source
Number Required Stream flow units Cost (per unit) ~ Year installed (i) or . Exponent  Base Year Factor Base Year 2011$ .
Stream Flow Flow bare (b) Spare) in Base Year in 2011%
AT00 Utilities and WWT

1 WWT aerobic digestion mptd biomass 1,000 2,000 tpd  2.00 $1,554,000 2004 i $1,554,000 0.65 2,438,487 3.00 2,438,487 3,215,268 $1,071,756 6
1 Field Erected CTW w pumps, etc from FLOWS 4,620 4,902 gpm  1.06 $237,700 1Q 2011 i $237,700 0.78 248,948 157 248,948 255,045 $162,449 2
1 Plant Air Compressor mptd biomass 2,000 2,000 tpd 100 $32376 2002 b $32,376 0.34 32,376 3.00 97,129 143,803 $47,934 7
1 Hydraulic Truck Dump with Scale mptd biomass 2,000 2,000 tpd 100 $80,000 1998 b $80,000 0.6 80,000 3.00 240,000 360,893 $120,298 7
1 Firewater Pump mptd biomass 2,000 2,000 tpd  1.00 $18,400 1997 b $18,400 0.79 18,400 3.00 55,200 83,650 $27,883 7
1 Diesel Pump mptd biomass 2,000 2,000 tpd  1.00 $6,100 1997 b $6,100 0.79 6,100 3.00 18,300 21,132 $9,244 7
1 Instrument Air Dryer mptd biomass 2,000 2,000 tpd  1.00 $8,349 2002 b $8,349 0.6 8,349 3.00 25,047 37,083 $12,361 7
1 Plant Air Receiver mptd biomass 2,000 2,000 tpd 100 $7,003 2002 b $7,003 0.72 7,003 3.00 21,009 31,105 $10,368 7
1 Firewater Storage Tank mptd biomass 2,000 2,000 tpd 100 $166,100 1997 b $166,100 0.51 166,100 3.00 498,300 755,121 $251,707 7
1 Ammonia Pump included in Stream Reformer Cost

1 Hydrazine Pump included in Stream Reformer Cost

1 Ammonia Storage Tank included in Stream Reformer Cost

1 Hydrazine Storage Tank included in Stream Reformer Cost

1 Flare included in Stream Reformer Cost

1 Sulfur Agent Storage Tank S260 242 167 gpd  0.69 $84,800 1Q 2011 b $84,800 0.65 $66,523 248 $164,995 $169,036 $68,152 2
1 Feed Storage 1,056,846 1,056,846 gallons  1.00 470,000 1Q 2005 b $470,000 0.65 470,000 3.00 1,410,000 1,767,252 $589,084 3
1 Product Storage 558000 577518 gallons  1.03 320,384 1Q 2005 b $320,384 0.65 327,625 3.00 982,874 1,231,905 $410,635 3
1 Product Storage 558000 528283 gallons 0.95 320,384 1Q 2005 b $320,384 0.65 309,188 3.00 927,563 1,162,581 $387,527 3

Subtotal AT700 Utilities and Auxiliaries $9,240474” $3,169,398
TOTALS $386,562,550 $157,878,738

Equipment Sources:

© N o OB~ W N P

. Envergent 20009.
. ASPEN 7.3.2 Capital Cost Evaluator

. Aspen Icarus 2006
. Marker 2005.
. SR12007.

. Jones 2009.

. Phillips 2007.
. Budgetary Vendor Estimate

10. Budgetary Vendor Estimate
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Tag Equipment Descriptions Type Design Temperature and pressure Size Metallurgy Cost Basis
M-110  Fitrate screw feeder Wet feed flow, Ib/h 5353 SS316 Aspen Capital Cost Estimator \/7.3.2
E-181  Steamgenerator - Char burner exhaust Floating head heat exchanger  Shell: 1098 F, 31 psig Area, ft2 476 Cs Aspen Capital Cost Estimator V7.3.2
Tube: 550 F, 726 psig Duty, MMBtu/h 26.2
Pre-engineered U-tube heat . .
E-180 BFW Heater - Char burner exhaust exchanger Shell: 1162 F, 31 psig Avrea, ft2 103 55316 Aspen Capital Cost Bstimator V7.32
Tube: 801 F, 737 psig Duty, MMBtu/h 8.7
C-101 _ Air compressor for biomass drying Reciprocating motor drive 140 F, 5 psig Actual Inlet flowrate, ft3/min 44381 Cs Aspen Capital Cost Estimator \7.3.2
S-155  Bio-oil cold filters Filter Pall
R205  Stabilizer Reaction channel: 335 F, 1509 psig Diameter, ft 15  Reaction side: SS316 cladding Aspen Capital Cost Estimator \/7.3.2
Steam side: 550F, 711 psig Length, ft 60 Steamside: CS
R205  1ststg Reactor 396 F, 2050 psig Diameter, ft 10 SS316 cladding Budgetary estimate from Pall
Length, ft 52
R215  2nd stg Reactors 820 F, 2211 psig Diameter, ft 10 SS316 cladding Budgetary estimate from Pall
Length, ft 49
V203  Stablilizer Product Flash Vertical 155 F, 1507 psig Diameter, ft 25 SS316 cladding Aspen Capital Cost Estimator \/7.3.2
1 minute holdup Length, ft 10.5
V230  2nd stg Three Phase Separator Horizontal 200 F, 2162 psig Diameter, ft 10 $S316 cladding Aspen Capital Cost Estimator \7.3.2
5 minute holdup Length, ft 49
V232  Hydrotreating Oil Flash Vertical, cylinder 89 F, 809 psig Diameter, ft 75 SS316 cladding Aspen Capital Cost Estimator \/7.3.2
1 minute holdup Length, ft 36
C231  BExpander Inlet: 200 F, 2162 psig Actual Inlet flowrate, ft3/min 700 Aspen Capital Cost Estimator \/7.3.2
Qutlet: 809 psig
E205  Stabilization Bed Product Cooler Fixed shell and tube Shell: 160 F, 70 psig Area, ft2 3860  SS316cladding on tube side Aspen Capital Cost Estimator \/7.3.2
heat exchanger Tube: 334 F, 1513 psig Duty, MMBtu/h 25.4
E215  1st Feed/Product Heat Exchanger Fixed shell and tube Shell: 453 F, 2168 psig Avrea, ft2 2069 SS316 cladding Aspen Capital Cost Estimator \/7.3.2
heat exchanger Tube: 350 F, 2255 psig Duty, MMBtu/h 28
E221  2nd Feed/Product Heat Exchanger Fixed shell and tube Shell: 650 F, 2173 psig Area, ft2 11560 SS316 cladding Aspen Capital Cost Estimator \7.3.2
heat exchanger Tube: 600 F, 2217 psig Duty, MMBtu/h 52.2
E228  Hydrotreated Oil Product Heat Recovery Fixed shell and tube Shell: 550 F, 732 psig Avrea, ft2 1275  SS316 cladding on tube side Aspen Capital Cost Estimator \/7.3.2
heat exchanger Tube: 882 F, 2173 psig Duty, MMBtu/h 322
E229  Hydrotreated Oil Product Cooler Fixed shell and tube Shell: 403 F, 738 psig Area, ft2 5468 SS316 cladding Aspen Capital Cost Estimator \/7.3.2
heat exchanger Tube: 405 F, 2178 psig Duty, MMBtu/h 17.9
E294  PSA Feed Heater Fixed shell and tube Shell: 136 F, 809 psig Area, ft2 114 SS316 cladding Aspen Capital Cost Estimator \/7.3.2
heat exchanger Tube: 407 F, 2167 psig Duty, MMBtu/h 3.1
H222  Fired Heater - startup 600 F, 2211 psig Std gas flow rate, ft3/min 81.62 CS Aspen Capital Cost Estimator \/7.3.2
Duty, MMBtu/h 8.62
E227  Hydrotreated Oil Air Cooler Air fin 300 F, 150 psig Area, ft2 6059 SS316 tube Aspen Capital Cost Estimator \7.3.2
Duty, MMBtu/h 40.3
E293  Light Column Feed Heater Fixed shell and tube Shell: 550 F, 726 psig Avrea, ft2 168  SS316 cladding on tube side Aspen Capital Cost Estimator \/7.3.2
heat exchanger Tube: 350 F, 809 psig Duty, MMBtu/h 4
E2900  T290 Reboiler U-tube reboiler Shell: 550 F, 726 psig Area, ft2 190  SS316 cladding on shell side Aspen Capital Cost Estimator \/7.3.2
Tube: 377 F, 57 psig Duty, MMBtu/h 28
E2901  T290 Condenser Fixed shell and tube Shell: 196 F, 55 psig Area, ft2 417 SS316 cladding on shell side Aspen Capital Cost Estimator \/7.3.2
heat exchanger Tube: 160 F, 50 psig Duty, MMBtu/h 18
T290 Light Column 377F, 77 psig Diameter, ft 25 SS316 cladding Aspen Capital Cost Estimator \/7.3.2
# of trays 40
V290  T290 Reflux Drum Horizontal 377F, 57 psig Diameter, ft 4 SS316 cladding Aspen Capital Cost Estimator V7.3.2
5 minute holdup Length, ft 12
C251  PSA Off Gas compressor Reciprocating motor drive Inlet: 145 F, 5 psig Actual Inlet flowrate, ft3/min 10379 CS Aspen Capital Cost Estimator \/7.3.2
Outlet: 60 psig
C208a,b  Stabilizer gas product compressor Reciprocating motor drive Inlet: 145 F, 5 psig Actual Inlet flowrate, ft3/min 1184 CsS Aspen Capital Cost Estimator \/7.3.2

OQutlet: 2255 psig
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Tag Equipment Descriptions Type Design Temperature and pressure Size Metallurgy Cost Basis
C252  Makeup Hydrogen Compressor Reciprocating motor drive Inlet: 145 F, 5 psig Actual Inlet flowrate, ft3/min 1458 Cs Aspen Capital Cost Estimator \/7.3.2
Qutlet: 792 psig
C254  Hydrogen Compressor Reciprocating motor drive Inlet: 145 F, 5 psig Actual Inlet flowrate, ft3/min 1180 Ccs Aspen Capital Cost Estimator V7.3.2
Outlet: 1304 psig
T310  T-310 Naphtha Splitter 448 F, 35 psig Diameter, ft 5 SS316 cladding Aspen Capital Cost Estimator V7.3.2
# of trays 30
T320  T-320 Product Splitter 731F, 26 psig Diameter, ft 7 SS316 cladding Aspen Capital Cost Estimator \V/7.3.2
# of trays 30
E3100 T-310 Reboiler U-tube reboiler Shell: 448 F, 35 psig Avrea, ft2 1030 Aspen Capital Cost Estimator \V7.3.2
Tube: 550 F, 726 psig Duty, MMBtu/h 9.6
E3200 T-320 Fired Reboiler 730F, 45 psig Std gas flow rate, ft3/min 445 Cs Aspen Capital Cost Estimator \/7.3.2
Duty, MMBtu/h 14.6
E3101  T-310 Air Cool Condenser Air fin 300 F, 45 psig Area, ft2 4850 SS316 tube Aspen Capital Cost Estimator \/7.3.2
Duty, MMBtu/h 10.3
E3201 T-320 Air Cool Condenser Air fin 300 F, 35 psig Avrea, ft2 3849 SS316 tube Aspen Capital Cost Estimator V7.3.2
Duty, MMBtu/h 14.2
V310  T-310 RefluxDrum Horizontal 448 F, 35 psig Diameter, ft 4 $S316 cladding Aspen Capital Cost Estimator \V/7.3.2
5 minute holdup Length, ft 105
V320  T-320 RefluxDrum Horizontal 730 F, 25 psig Diameter, ft 2 SS316 cladding Aspen Capital Cost Estimator \V7.3.2
5 minute holdup Length, ft 6.5
E315  Gasoline Product Cooler Air fin 300 F, 150 psig Avrea, ft2 985 Cs Aspen Capital Cost Estimator \/7.3.2
Duty, MMBtu/h 1
E325  Diesel Product Cooler Air fin 300 F, 150 psig Area, ft2 5137 cs Aspen Capital Cost Estimator V7.3.2
Duty, MMBtu/h 3
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Appendix C: Base Case Process Parameters and Operation

Feed Dryer
Inlet biomass

Fast Pyrolysis Oil Quench Columns

Temperature (°F) 68

Moisture content (%wt) 30
Inlet Flue gas

Temperature (°F) 584

Oxygen content (% mole) 9.6
Outlet biomass

Temperature (°F) 160

Moisture content (%wt) 10
Outlet Flue gas

Dew point (°F) 139

Temperature (°F) 161

Moisture content (%wt) 12
Pyrolyzer
Biomass moisture content (%wt) 10
Biomass particle size (mm) 2-6
Fluidized gas (wt/wt dry biomass) 14.5
Sand (wt/wt dry biomass) 3
Inlet temperature (°F) 931
Pressure (psia) 21
Heat Losses (% of biomass LHV) 1
Dry bio-oil yield (% dry biomass) 64
Water yield (% dry biomass) 12
Charyield (% dry biomass) 12
Gas yield (% dry biomass) 12

Organicliquid recovery (%) 99.6
Cold stream temperature (°F)
1st Quench column 140
2nd Quench column 110
Product stream temperature (°F)
1st Quench column 158
2nd Quench column 113
Fast Pyrolysis Oil Cold Filter
Solid removal (%) 100
Fast pyrolysis oil yield loss
% of fast pyrolysis oil to the filter 3.055
% of dry biomass 2
Char Combustor
Temperature (°F) 1128
Pressure (psia) 21
Air (actual/minimum for combustor) " 120
Heat Losses (% of biomass LHV) i 1

Stabilizer*
Temperature (°F)
Pressure (psia)

Hydrogen Consumption* (%wt, per pyrolysis oil)

H2 feed/dry oil feed (wt/wt)
LHSV (h™?)

Reactor volume (gallon)
Number of tubes

Reactor length (ft)

Number of trains

Inlet
Temperature (°F)

Conversion (wt%)
Acids
Ketones
Extractives
Low MW lignin derived A

Conversion (wt%) to:
Acids intermediates
Carbonyl intermediates
Extractive intermediates
Low MW lignin compound intermediates
Methane
Carbon dioxide

Yield (include hydrogen, wt %)
QOil
Gas

284
1200
0.08
0.055
0.5
76700
800
60

132

19.9
19.8

29.5
42.9
3.4
20.5
3.1
0.6
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Complete experimental data for hydrotreating and hydrocracking are not currently available. Reaction conversions, hydrotreating intermediate
yields and hydrocracking yields are assumed for completing mass and energy balances.
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1st Stage Hydrotreater* 2nd Stage Hydrotreater* Overall Hydrotreating

Temperature (°F) 348! Temperature (°F) 767 Conversion (wt%) to: Product oxygen content, % 0.5

Pressure (psia) 2000 Pressure (psia) 2000 Short chain n-paraffins 5.6 Hydrogen Consumption (%wt, per pyrolysis oil) 5.8

Hydrogen Consumption (%wt, per pyrolysis oil ~ 0.18 Hydrogen Consumption (%wt, per pyrolysis oil) 5.54 Medium chain n-paraffins 2.7

H2 feed/dry oil feed (wt/wt) 0.07 H2 feed/dry oil feed (wt/wt) 0.21 Iso-paraffin A 1.9 Yield (per dry pyrolysis oil, wt %)

LHSV (h™) 0.5 |LHSV (h?) 0.22 Iso-paraffin B 2.7, oil 44

Reactor volume (gallon) 30600 Reactor volume 28800 CycloC5A 1.8 Gas 26

Reactor length (ft) 52, Reactor length 49 Cyclo C5B 2.3 Water 29

Number of trains 1] Number of trains 4 CycloC6A 2.4

Cyclo C6B 1.6
Bicyclos 1.5 Hydrocracking*

Inlet Inlet Cyclo C7+ 1.5 Temperature (°F) 1382
Temperature (°F) 300! Temperature (°F) 550 Aromatic A 3.5 Pressure (psia) 1270
Pressure (psia) 2055 Pressure (psia) 2010 AromaticB 1.5 Hydrogen Consumption (%wt, per pyrolysis oil) 0.9

Phenanthrenes 2.8 H2 feed/dry oil feed (wt/wt) 0.135
Pyrenes 2.8

Conversion (wt%) Conversion (wt%) Diphenyl compounds 0.5
Acids 80 Aldehydes 100 Indans 0.8] Inlet
Ketones 80 Alcohols 100 Indenes 0.6 Temperature (°F) 382
Low MW sugars 80 Guaiacols 100 1,2,3,4-Naphthanlenes 1.1 Pressure (psia) 1295
Extractives 80 High MW sugars 100 Naphthalenes 1.9
Low MW lignin derived A 80 Low MW lignin derived B 100 Polynuclear Aromatics 2.3
High MW lignin derived A 20, High MW lignin derived A 100 Phenols 2.2] Conversion (wt%)

Hydrogen 2.3 High MW lignin derived B 100 Carbon monoxide 0.5 Extractives 100
Sulfur compounds 55 Carbon dioxide 9.9 Low MW lignin derived A 100
Acids Intermediates 100 Methane 4.7, High MW lignin derived A 100

Conversion (wt%) to: Carbonyl Intermediates 100 Ethane 3.7, High MW lignin derived B 100
Acids Intermediates 11.8 Extractive Intermediates 100 Propane 2.6 Sulfur compounds 100
Carbonyl Intermediates 4.5 Low MW lignin compound intermediates 100 Butane 2.6 Extractive Intermediates 100
Extractive Intermediates 1.9 High MW lignin compound intermediates 100 Pentane 3.5 Low MW lignin compound intermediates 100
Low MW lignin compound intermediates 23.9 Sugar intermediate A 100 Hydrogen sulfide 0.0025
High MW lignin compound intermediates 11.7 Sugar intermediate B 100 Water 28.5
Sugar intermediate A 8 Phenanthrenes 27 Conversion (wt%) to:

Sugar intermediate B 9.2 N-Nonane 35.8
Phenanthrenes 12.1 Yield (include hydrogen, wt %) Methylcyclohexan 44.4]
Carbon dioxide 3.3 Qil 48, N-Octane 19.8|
Methane 13 Gas 24
Ethane 24 Water 28
Water 9.9
Yield (include hydrogen, wt %)

0il 83

Gas 10

Water 7

* Complete experimental data for hydrotreating and hydrocracking are not currently available. Reaction conversions, hydrotreating
intermediate yields and hydrocracking yields are assumed for completing mass and energy balances.
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Appendix D1: CFB Reformer Heat and Material Balances

Air /—\ @ Exhaust

P PSA Purge Gas (Fuel)
Process Regenerator |g
Gas (Fuel) @ . - J
Natural @
Gas 7,  Seam @ Fluidized
0 Steam
Feed @ . Reformer
(Gas from T@ @
Process)

Flash @' TLOW
@ T m e

& . G

.

Hydrogen for
Hydrotreating and

Hydrocracking cond ¢ @
ondensate
Knockout
Condensate
\ 4
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Temp F 341 60 307 245 477 120 220 1600 1670 662 788 392 430 245 110 1800 685 278 110 110 120 120 7
Pres psia 74 22, 74 22.7 75 35 22 69 66 61] 56 51 46| 22.7 30 22.7 20.7 31 30| 30] 350 340 283
Vapor Frac 1.00, 1.00 0.98 1.00 1.00 1.00 1.00 1.00| 1.00] 1.00] 1.00] 1.00] 1.00 1.00 0.68 1.00 1.00 1.00 1.00| 0.00 0.99 1.00] 1.00]
Total Ib/hr 169689| 5550.843| 125879.3| 38258.84| 43809.69| 86980.16| 43809.69| 169689 169689 169689 169689] 169689| 169689| 9708.333 169689| 341278.3| 341278.3| 244589.8| 100578.2| 69110.8| 96821.16 9841 9841
Flow rates in lb/hr

Argon 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0| 3085.818| 3085.818| 3085.818 0 0 0 0 0
Oxygen 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0] 9249.105| 9249.105| 55494.63 0 0 0 0 0
Nitrogen 90.582|  90.582 0 0 90582 90.581] 90.582 90.582| 90.582| 90.582[ 90.582| 90.582| 90.582 0| 90.582| 181199.6( 181199.6| 181109.1 90.582 0.001f 90.581 0 0
Ammonia 0 0 0 0 0 0.022 0 0 0.039 0.039 0.039 0.039 0.039 0 0.039 0 0 0 0.024 0.015 0.022 0 0
Hydrogen sulfide 16.417 0 0 16.417 16.417 16.4| 16.417 16.417| 16.417| 16.417| 16.417| 16.417 16.417 4.166 16.417 0 0 0| 16.404 0.013 16.4 0 0
Sulfur dioxide 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0] 38.659] 38.659 0 0 0 0 0 0
Nitrogen dioxide 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0.087 0.087 0 0 0 0 0 0
Carbon monoxide 4909.797| 0 0| 4909.797| 4909.797| 554.691| 4909.797| 4909.797| 27942.32| 27942.32| 6587.56| 6587.56| 554.699| 1245.88| 554.699 0 0 0| 554.693 0.007| 554.691 0 0
Carbon dioxide 13883.71  42.692 0| 13841.01| 13883.71| 79108.88| 13883.71| 13883.71| 36110.88| 36110.88| 69663.37| 69663.37| 79142.17| 3512.212| 79142.17| 106982.9| 106982.9| 112.818| 79114.51|  27.658| 79108.88 0 0
Hydrogen 1691.841 0 0[ 1691.841) 1691.841| 1736.647| 1691.841| 1691.841| 9606.774| 9606.774| 11143.65| 11143.65| 11577.83| 429.311| 11577.83 0 0, 0| 11577.69 0.144( 11577.65| 9841 9841
Methane 10068.9| 4876.221 0| 5192.678| 10068.9| 2014.029| 10068.9] 10068.9| 2014.074| 2014.074| 2014.074| 2014.074| 2014.074| 1317.663| 2014.074 0 0 0[ 2014.038 0.036( 2014.029 0 0
Ethane 4321.405( 320.862 0[ 4000.543| 4321.405( 43.202| 4321.405| 4321.405| 43.214| 43.214| 43.214| 43.214] 43.214| 1015.154| 43.214| 0 0, 0| 43.204 0.01] 43.202 0 0
Propane 2459.597| 142.587 0| 2317.01| 2459.597| 245.876| 2459.507| 2459.507| 245.959| 245.959| 245.959| 245.959| 245.959| 587.951| 245.959 0 0 0| 245.892 0.067| 245.876 0 0
Ethylene 186.737 0] 0| 186.737| 186.737| 18.668| 186.737| 186.737| 18.674| 18.674| 18.674| 18.674| 18.674| 47.385| 18.674 0 0 0| 18.669 0.005|  18.668 0 0
Propylene 130.77, 0 0| 130.77| 130.77| 13072 130.77) 130.77] 13.077| 13.077| 13077 13.077| 13.077| 33.183] 13.077 0 0 0| 13.073 0.004] 13.072 0 0
Water 126001.5| 0| 125879.3| 122.187| 122.187| 2546.478| 122.187| 126001.5] 92994.2| 92994.2| 79259.59| 79259.59| 75379.47| 31.006| 75379.47| 40722.1| 40722.1| 4787.493| 6297.689] 69081.78| 2546.478 0 0
Pyridine 0 0 0 0 0 0 0 0 0.001 0.001 0.001 0.001 0.001 0 0.001 0 0 0 0 0.001 0 0 0
Acids 1.882] 0 0 1.882] 1.882 0.005| 1.882 1.882] 0.188 0.188 0.188 0.188 0.188 0.478] 0.188! 0 0 0 0.012) 0.176) 0.005 0 0
Ketones 6.781 0 0 6.781 6.781 0.004 6.781 6.781 0.678 0.678 0.678 0.678 0.678 1721 0.678 0 0 0 0.022 0.656 0.004 0 0
Nitrogen compounds 0.278 0 0 0.278] 0.278 0 0.278| 0.278| 0 0 0 0 0 0.07 0 0 0 0 0 0 0 0 0
N-butane 2391.6 65.78 0| 2325.82| 2391.6| 239.067| 23916 2391.6| 239.16] 239.16] 239.16| 239.16| 239.16| 590.186| 239.16 0 0 0| 239.084 0.076 239.067 0 0
N-pentane 2126.098 9.332 0| 2116.766| 2126.098| 212.52| 2126.098| 2126.098] 212.61| 212.61| 212.61| 21261 212.61| 537.138] 212.61 0 0 0| 212.536 0.074] 21252 0 0
Short chain n-paraffins 800.922 2.787 0] 798.136| 800.922| 80.057| 800.922] 800.922| 80.092| 80.092| 80.092| 80.092| 80.092] 202.53] 80.092 0 0 0| 80.063 0.03|  80.057, 0 0
Medium chain n-parrafins 1.479 0 0 1.479 1.479 0.148 1.479 1.479 0.148 0.148 0.148 0.148 0.148 0.375 0.148 0 0 0 0.148 0 0.148 0 0
Decane 14.837, 0 0] 14.837| 14.837 1.483| 14.837| 14.837 1.484 1.484 1.484 1.484 1.484 3.765 1.484 0 0 0 1.483 0 1.483 0 0
Iso-paraffin B 87.78 0 0 87.78 87.78 8.771 87.78 87.78 8.778 8.778 8.778 8.778 8.778|  22.275 8.778 0 0 0 8.772 0.006 8.771 0 0
CycloC5 A 65.376 0 0] 65.376| 65.376 6.534| 65376  65.376) 6.538 6.538 6.538 6.538 6.538|  16.589 6.538 0 0 0 6.534 0.003 6.534 0 0
CycloC6 A 228.142 0 0| 228.142| 228.142 22.79| 228.142| 228.142) 22.814| 22.814| 22.814| 22.814| 22.814| 57.892| 22.814 0 0 0| 22794 0.02 22.79 0 0
Diphenyl compounds 0.02 0 0 0.02 0.02 0.002 0.02 0.02 0.002 0.002 0.002 0.002 0.002 0.005 0.002 0 0 0 0.002 0 0.002 0 0
Indans 2.589 0 0 2.589 2.589 0.258 2.589 2.589 0.259 0.259 0.259 0.259 0.259 0.657 0.259 0 0 0 0.258 0.001 0.258 0 0
Polynuclear aromatics 0.009 0 0 0.009 0.009 0.001 0.009 0.009 0.001 0.001 0.001 0.001 0.001 0.002 0.001 0 0 0 0.001 0 0.001 0 0
Phenols 0.088 0 0 0.088 0.088 0.001 0.088 0.088 0.009 0.009 0.009 0.009 0.009 0.022 0.009 0 0 0 0.001 0.008 0.001 0 0
N-paraffin-HCK product A 1.04 0 0 1.04] 1.04] 0.104 1.04] 1.04 0.104 0.104 0.104 0.104 0.104 0.264 0.104 0 0, 0, 0.104 0 0.104 0 0
Cyclo C6-HCK products 9.713 0 0 9.713 9.713 0.971 9.713 9.713 0.971 0.971 0.971 0.971 0.971 2.465 0.971 0 0 0 0.971 0.001 0.971 0 0
N-paraffin-HCK product B 1.62 0 0 1.62 1.62 0.162! 1.62 1.62, 0.162 0.162 0.162 0.162 0.162 0.411] 0.162! 0 0 0 0.162| 0 0.162 0 0
Cyclo C6 B 5.213 0 0 5.213 5.213 0.521 5.213 5.213 0.521 0.521 0.521 0.521 0.521 1.323 0.521 0 0 0 0.521 0 0.521 0 0
Aromatic A 33.55] 0 0 33.55] 33.55] 3.35 33.55) 33.55) 3.355 3.355 3.355 3.355] 3.355] 8.514] 3.355] 0 0 0 3.35 0.005) 3.35 0 0
Pyrenes 0.002 0 0 0.002 0.002 0 0.002 0.002 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Iso-paraffin A 141.733 0 0| 141.733| 141.733 14.168| 141.733| 141.733| 14.173| 14.173] 14.173] 14.173 14.173|  35.965 14.173 0 0 0 14.169 0.004| 14.168 0 0
Indenes 0.2 0 0 0.2 0.2 0.02 0.2 0.2 0.02 0.02 0.02 0.02 0.02 0.051 0.02 0 0 0 0.02 0 0.02 0 0
Naphthalenes 0.205 0 0 0.205 0.205 0.02 0.205 0.205 0.02 0.02 0.02 0.02 0.02 0.052 0.02 0 0 0 0.02 0 0.02 0 0
Bicyclos 0.567 0 0 0.567 0.567 0.057 0.567 0.567 0.057 0.057 0.057 0.057 0.057 0.144 0.057 0 0 0 0.057 0 0.057 0 0
Cyclo C7+ 2.8 0 0 2.8 2.8 0.28 2.8] 2.8] 0.28 0.28 0.28 0.28 0.28 0.71 0.28 0| 0| 0| 0.28 0| 0.28 0] 0]
Aromatic B 3.209 0 0 3.209  3.209] 0.32 3.209 3.209 0.321 0.321 0.321 0.321 0.321 0.814 0.321 0 0 0 0.32 0.001 0.32 0 0
Phenanthrenes 0.008 0 0 0.008] 0008 0.001 0.008 0.008 0.001 0.001 0.001 0.001 0.001 0.002 0.001 0 0 0 0.001 0 0.001 0 0
1,2,34-Naphthalenes 0.009 0 0 0009 0009  0.001 0.009 0.009 0.001 0.001 0.001 0.001 0.001 0.002 0.001 0 0 0 0.001 0 0.001 0 0
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Appendix D2: CFB Reformer Capital and Operating Costs

This section details the equipment assumptions and specifications for the alternate hydrogen plant
configuration that uses a CFB reformer. Table D-1 lists the equipment and cost estimates for hydrogen
production using a fluidized bed reformer system. Capital costs for some common equipment items (e.g.,
tanks, pumps, vessels) are based on the recent NREL study (Dutta 2011). The fluidized bed reformer
package including a dual fluidized bed loop, cyclones and ancillaries was estimated from a prior cost
estimation study (Dutta 2011, Worley 2012). HTS, LTS, and PSA capital were based on Spath et al. (2005).

Table D-1. Capital Cost Estimate for Fluidized Bed Reformer (2011 k$).

Equipment Description TPEC TIC Source
Fluidized bed Reformer Module 7,007 16,186 | (Dutta 2011)
Reformer Feed Preheater 3,049 7,626 | (Dutta 2011)
PSA Air-cooled Precooler 151 373 | (Spath 2005)
PSA Water-cooled Precooler 83 206 = (Spath 2005)
High Temperature Shift Reactor 457 1,128 @ (Spath 2005)
Low Temperature Shift Reactor 317 783 | (Spath 2005)
Pre-PSA Knock-out #1 124 306 | (Spath 2005)
Pressure Swing Adsorption Unit 2,112 3,900 ' (Vendor Quote — Harris Group 2012)
PSA Compressor 10,721 19,298 | (Dutta 2011)
PSA Compressor Air Cooler 291 875 | (Dutta 2011)
Steam Turbine Condenser 4,147 5,806 @ (Dutta 2011)
Process Steam Generator 3,371 8,430 (Dutta 2011)
High Pressure Steam BFW Preheater 1,891 4,729  (Dutta 2011)
High Pressure Steam Generator 2,396 5,993 (Dutta 2011)
High Pressure Steam Superheater 1,199 2,998 (Dutta 2011)
Blowdown Cooler 46 200 | (Dutta 2011)
Blowdown Cooler 2 11 47 | (Dutta 2011)
Hot Process Water Softener System 1,046 1,203 = (Dutta 2011)
Hot Process Water Softener System 2 1,079 1,241 (Dutta 2011)
Makeup Pump 7 31 | (Dutta 2011)
Makeup Pump 2 13 63 (Dutta 2011)
Condensate Pump 18 81 | (Dutta 2011)
Condensate Pump 2 15 69 (Dutta 2011)
Water Softener Pump 18 81 | (Dutta 2011)
Water Softener Pump 2 15 69 | (Dutta 2011)
Deaerator Feed Pump 15 63 | (Dutta 2011)
Boiler Feed Water Pump 376 509 (Dutta 2011)
Boiler Feed Water Pump 2 444 601 (Dutta 2011)
Blowdown Flash Drum 37 127 | (Dutta 2011)
Blowdown Flash Drum 2 27 91 | (Dutta 2011)
Dearator Feed Water Tank 9 56 | (Dutta 2011)
Deaerator 17 84 | (Dutta 2011)
Deaerator Packed Column 6 30 | (Dutta 2011)
Steam Drum 58 133 | (Dutta 2011)
Steam Drum 2 48 109 | (Dutta 2011)
Cooling Tower System 65 161 | (Dutta 2011)
Cooling Water Pump 313 669 (Dutta 2011)
Water Make-Up Pump 7 31  (Dutta 2011)
Water Make-Up Pump 2 13 63 ' (Dutta 2011)
Total 41,018 84,447
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Equipment costs were scaled using the process simulation material and energy balances. Equipment costs

were adjusted to the 2011 U.S. dollar basis using the Chemical Engineering Indices.

The associated variable operation costs, and utilities are shown in Tables D-2- and D-3. Unit costs are
consistent with Table 29 and Appendix C of Dutta 2011. Variable operating costs are determined based on
raw materials, utilities, and waste handling charges incurred only during the process operation. The
Inorganic Cost Index was used to convert unit costs from 2007 dollars to 2011 dollars.

Table D-2. Variable Operating Costs.

Variable Unit Cost Amount Operating Cost Reference
(20113) (20113)

Reformer Catalyst* 2,166  ¢/ton 9.36 lo/hr 0.10 | $/hr | (Dutta 2011)
ZnO & Shift Catalysts® 2,166  ¢/ton 0 lb/hr 0.00 | $/hr  (Dutta2011)
Natural Gas 76.57 ¢/MMBtu | 113 MMBTU/hr | 86.52 | $/hr (EIA 2013)
Boiler Feed Water Makeup 28.79 ¢/ton 66,017 Ib/hr 9.50 $/hr (Dutta 2011)
&Z‘lﬂéﬂg Tower Water 2879 ¢/ton 21,423 | Ib/hr 308  $hr  (Dutta2011)
Boiler Feed Water Chemicals = 555,764 @ ¢/ton 2.20 Ib/hr 6.11 $/hr (Dutta 2011)
Cooling Tower Water
Chemicals 396,975 | ¢/ton 0.24 Ib/hr 0.48 $/hr (Dutta 2011)
Wastewater 69.37 ¢/ton 8451 | Ib/hr 2.93 $/hr (Dutta 2011)
Solids Disposal Cost 3,266 ¢/ton 9.36 Ib/hr 0.15 $/hr (Dutta 2011)
Electricity 5.85 ¢/kKWh 10,191 kW 596.17 | $/hr (Dutta 2011)

! Reactor space velocity: 2,000 h™, Catalyst volume: 1,767 ft*, Required initial reformer catalyst fill:

113103 Ib

% Required initial ZnO & WGS catalysts fill: 183453 Ib. Initial fill than replaced every 5 years based on

typical catalyst lifetime (Spath 2005).

Table D-3. Feed and Utilities.

Utility Value
Saturated steam for plant utilization (499°F, 675 psia) 51,191
Superheated steam (1000 °F, 660 psia) for power 116,933
- corresponding to power supply for steam driver with 12,633
75% efficiency
Natural gas 5,551
113
Power consumption 10,191
Boiler feed water makeup 66,017
174
Cooling tower water makeup (20 °F rise) 21,423
- CWS temperature, 90 °F 56
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Appendix E: Feedstock Supply

Feedstock logistics includes operations that take place after the biomass is produced in a field or forest, but
before it is introduced into a conversion process. All activities related to feedstock logistics are directed at
reducing the delivered cost of sustainably produced feedstock, improving and preserving the quality of
harvested feedstock to meet the needs of biorefineries, and/or expanding the volume of feedstock materials
accessible to the bioenergy industry. Feedstock logistics efforts are primarily focused on identifying,
developing, demonstrating, and validating efficient and economic systems to harvest, collect, transport,
store, and preprocess raw biomass from a variety of crops to reliably deliver high quality, high volume, and
affordable feedstocks to biorefineries. Some preprocessing research takes place under the conversion
technology areas, while other research is funded under feedstock logistics

Sustainably supplying the required quantities of quality, affordable feedstock to the emerging biorefining
industry will be achieved through a transition from logistics systems that have been designed to meet the
needs of conventional agriculture and forestry systems—termed “conventional” logistics systems—to more
advanced, purpose-designed systems in the 2013 to 2022 timeframe, termed “advanced” logistics systems
(Hess 2009).

Existing conventional logistics systems, which adequately serve the needs of current agriculture and
forestry systems, are capable of moving biomass short distances and storing it for limited periods of time.
However, these conventional systems can be restrictive to the bioenergy industry. Research has focused on
understanding these limitations and identifying opportunities for improvement. Examples of these
limitations include an inability to address the physical and chemical variability that exists in biomass
materials or to access diverse and distributed resources across the nation to satisfy the needs of an
expanding biorefinery industry.

The development of advanced, infrastructure-compatible feedstocks is projected to provide a commodity-
based, specification-driven system to supply the bioenergy industry. The U.S. grain commodity system
serves as one example for a conceptual model for the type of feedstock handling system that will be needed
to ensure biomass quality and performance in the supply chain. It also serves as a model for in-feed systems
for a variety of conversion processes that envisions similar supply system infrastructure for a broad range of
biomass resources, enables commodity biomass feedstocks with predictable physical and chemical
characteristics, enables biomass storage over fairly long periods of time; improves transportability over
relatively long distances, and enables many end uses.

As illustrated in Figure E-1, the advanced Terrestrial Feedstock Processing Supply and Logistics System is
envisioned to draw in presently inaccessible and/or underused resources via local biomass preprocessing
depots that format biomass into a stable, bulk, densified, and flowable material. The formatted biomass will
be transported to one or more of a network of much larger supply terminals, where the material aggregated
from a number of depots may be blended and/or further preprocessed to meet the specification required by
each biorefinery conversion process (note that feedstock specifications may differ substantially, depending
upon the actual conversion process). The advanced biomass logistics system design incrementally
incorporates technology and other system improvements as the industry matures. This improved series of
feedstock supply and logistics system designs will couple to, and build from, current systems and address
science and engineering constraints that have been identified by rigorous sensitivity analyses as having the
greatest impact on feedstock supply and logistics system efficiencies and costs. The introduction of
advanced preprocessing operations and sequences, including the implementation of blending and
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formulation strategies, is critical to achieving feedstock cost, quality, and volume targets to meet Office
2017 and 2022 goals.

Woody Residues

Round Wood and Woody Energy Crops

Multiple Biorefineries

Shipping
Terminal

Elevator
I I I I Rail, Truck, or Barge

Conversion (Biochemical or
Thermochemical)

Dry Herbaceous Residues and Energy Crops

Wet Herbaceous Residues and Energy Crops

Figure E-1. Wood Biomass Feedstock Supply System.

The physical properties of raw biomass directly influence efficiency of transport and handling systems, as
well as conveyance operations within the biorefinery that deliver feedstock to the conversion process
reactor throat. Physical properties of feedstock, such as particle size and particle size distribution, can also
significantly impact conversion process performance.

To meet longer-term goals and to support a growing bioenergy industry, research must expand its horizon
beyond reliance on high-yielding biomass regions (such as the Corn Belt) to increase the amount of
cellulosic feedstock available for energy production while increasing the emphasis on quality and reducing
variability. One aspect of the inherent variability of biomass is illustrated by the ash content found in a wide
array of corn stover samples, as shown in Table E-1. Table E-1 data were extracted from Templeton et al.
(2009), where 500 samples were taken from 47 locations, including eight U.S. Corn Belt states over three
harvest years.

Table E-1. Example of Variability in Corn Stover Composition.

Corn Stover Composition
Parameter | Minimum | Maximum
Ash 0.8% 6.6%
Xylan 14.8% 22.7%
Lignin 11.2% 17.8%
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In response to the variability in biomass quality, more robust biofuel conversion technologies are being
developed, even though it is unlikely a single best conversion technology will be capable of handling the
variability experienced within raw biomass feedstocks. Additionally current discussions are predominantly
around the impact of ash on the production of bio-oils, however, the elemental ash components in bio-

oil offer challenges and opportunities for the implementation of upgrading. As we move forward research
on improved ash inventory and speciation will be developed in order to reach an optimal solution from
either enhanced specific ash element(s) removal or improvements towards more robust conversion.
Currently, eight biofuel conversion pathways have currently been identified and have active R&D
programs. Other approaches to addressing the variability include blending/formulation, leaching,
densification, and other preprocessing options.

The first aspect of this approach is in changing the manner in which prices for feedstocks are reported. In
previous reports of feedstock availability by cost, researchers have used supply volumes available at the
marginal cost of acquiring additional resources. Essentially, the simulated buyer in this instance stops
purchasing when the price reaches a certain limit. In Table E-2, these volumes are reported in the column
entitled “Marginal price reporting” for year 2017 with a farm gate price limit of $60/dry ton. The $60/dry
ton price target reflects the cost to access biomass at the farm gate or the forest landing'. Reporting
marginal cost limits may not reflect the true behavior of an open feedstock market. If feedstock buyers are
instead targeting an average price for purchased feedstocks, they may mix more expensive resources with
less expensive ones of the same type to achieve an average farm gate cost of $60/dry ton. The volumes
acquired nationwide at an average price of $60/dry ton in 2017 are shown in the rightmost column of Table
E-2. This does not physically change anything in the system, only the way costs and volumes are reported.
However, it helps when assessing the entire supply chain to work with average costs instead of marginal
costs. Note that by reporting volumes available based on average prices, the national feedstock availability
increases from 298 million dry tons to 326 million dry tons in 2017, a difference of 28 million dry tons.

Table E-2. Potential Increase in Volume of Biomass Available as a Result of Blending Biomass at an
Example Grower Payment of $40/dry ton (KDF 2013).

National feedstock supply for 2017 at $40/dry ton Supply (million dry ton/yr) Supply (million dry ton/yr)
Resource No Blending Intra feedstock blending
. . Corn Stover 13.87 22.74
Agricultural Residues

Cereal Straw 3.21 5.27

Energy Crops Herbaceous energy crops 4.61 7.56
Woody energy crops 0.01 0.01

Pulpwood 0.02 0.06

Logging residues and fuel treatments 101.17 164.02

Forest Resources

Other forestland removals 36.95 60.22

Urban and mill wood wastes 4.56 7.79

Potential feedstock supply (Totals) 164.4 267.67

! Note that this is not the same as the Grower payment. Grower payments are those made to biomass producers over
and above the costs incurred for harvest, collection, storage, preprocessing, and transport. The Office models the
grower payment based on anticipated biomass demand. For more information on grower payments, see: Robert
Perlack, Bryce Stokes et al., “U.S. Billion-Ton Update: Biomass Supply for a Bioenergy and Bioproducts Industry,”

Oak Ridge National Laboratory, ORNL/TM-2011/224, 2011,

http://www1.eere.energy.gov/biomass/pdfs/billion_ton_update.pdf.
%\/olumes derived from data available at https://www.bioenergykdf.net/. Please refer to the Knowledge Discovery
Framework for a more expansive list of grower payments and the associated quantity of biomass.



https://www.bioenergykdf.net/

The second aspect important to consider for a nationwide bioenergy industry is the combination of cost,
volume, and quality necessary for economic energy production. Quality targets can have a large impact on
whether or not a particular feedstock is cost effective. One aspect of the inherent spatial and temporal
variability of biomass resource quality is illustrated by the ash, xylan, and glucan distributions for
Midwestern corn stover in Figure E-2. In response to the variability in biomass quality, a variety of more
robust biofuel conversion technologies are being developed, even though it is unlikely a single best
conversion technology will be capable of handling the variability experienced within raw biomass
feedstocks. Other approaches to addressing the variability include blending/formulation, leaching,
densification, and other preprocessing options.
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Figure E-2. Example of the Spatial and Temporal Variability of Corn Stover Characteristics such as % Ash
Content, % Glucan Content and % Xylan.

Data extracted from the Biomass R&D Library
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By combining analyses using average farm gate price assumptions with quality information obtained from
the Biomass R&D Library, gains in the projected volumes available at cost and biorefinery specifications
are being realized by transitioning to a blended feedstock approach. Feedstock blending allows a theoretical
biorefinery to collect less of any one feedstock and thus move down the cost vs. supply curve, paying a
lower average price for each feedstock. Not that this does not change the supply vs. cost curves for each
resource, but it instead describes a system where purchasers are using a combination of least-cost resources
and blending them to reach the bioenergy application’s desired specification.

With blended feedstocks, biomass quality is a key aspect to consider when analyzing cost and volume
availability. Formulating a designed feedstock through blending and other pre-processing logistical methods
allows low cost and typically low quality biomass to be blended with biomass of higher cost and typically
higher quality to achieve the specifications at the in-feed of a conversion facility. The use of low cost
biomass allows the supply chain to implement additional preprocessing technologies that actively control
feedstock quality, while also bringing more biomass into the system. This analysis and design approach is
being called the “least-cost formulation” strategy.

Along with farm gate price, volume, and quality, a key consideration is feedstock logistics cost, which
includes costs of harvest, collection, preprocessing, transportation, and storage. There are a variety of
factors that influence logistics cost, including feedstock type, biomass yield per unit of land area,
preprocessing strategies required to achieve conversion specifications, storage requirements, transportation
distance, and dry matter losses throughout the supply system. Research is directed at reducing these
logistics costs, moving towards the gradual attainment of Office targets by 2017.

Regional biomass production supply curves from the US Billion Ton Update® were used to identify “high
impact™ scenarios to develop and demonstrate the 2017 feedstock supply chain scenarios at the $80/dry ton
target. A scenario below focuses on a Southeastern US scenario delivering a formulated feedstock for fast
pyrolysis conversion pathway that produces a bio-oil. It is important to note that the baseline scenarios are
regionally focused to establish feedstock costs and technical performance requirements of the supply chain;
however, the supply chain technologies and designs are broadly applicable across the US.

Using a least-cost formulation spatial tool developed at INL, a high impact formulation based on forest
thinning, logging residues, and plantation-grown loblolly pine creates an opportunity to meet the feedstock
cost and quality targets for the bio-oil conversion pathway. Forest thinning and logging residues are low
cost resources to procure, but often have unfavorable qualities, specifically high ash content. Money saved
in procuring these biomass resources (which are lower cost to procure than, say, pulpwood trees) can be
applied in the supply chain to address quality issues, such as through active ash management. The identified
formulation is shown in (Table E-3). The C&D wastes are incorporated because of its low access fee cost
and its low ash content. This is only an example; the actual blends will be regionally based designs that take
advantage of local feedstocks and their biomass characteristics. Additionally the ability to blend feedstocks
to a specification has the potential to reduce some of the risks associated with the seasonality of feedstocks.

® Robert Perlack, Bryce Stokes, et al., “U.S. Billion-Ton Update: Biomass Supply for a Bioenergy and Bioproducts
Industry,” Oak Ridge National Laboratory, ORNL/TM-2011/224, 2011,
http://www1.eere.energy.gov/biomass/pdfs/billion_ton_update.pdf.

*To be considered high impact, the feedstock must be domestically available and have the agronomically and
ecologically sustainable ultimate availability potential to produce at least 1 billion gallons per year of an acceptable
biofuel.
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Currently, the forest thinnings and logging residues are both reduced to 1.05% ash after a chemical
pretreatment. C&D wastes will undergo a low severity pre-treatment and the ash content will be reduced to
0.9%. The purpose grown pine is debarked and chipped at the landing resulting in an ash content of 0.5%.
The blended material will be delivered to the conversion facility a 2 wt% ash. A further pre-treatment
operation will be performed on the blended material that will reduce the ash to the required 0.9%. It is
important that the pretreatment operation be inexpensive or offset the costs by improving other operations,
such as conversion yields, decrease grinding or pelletizing costs. There are a number of chemical
pretreatment options being explored that will reduce the ash. INL is focusing on these pretreatment
technologies but the goal is to meet both the $80 per short ton cost target and 0.9% ash specifications
assumed in this report. When blended, the complete formulation meets both the cost and feedstock quality
targets.

Table E-3. List of Costs and Specifications for Woody Feedstocks and Blends for Thermochemical

Conversion

Feedstock Reactor Throat Feedstock  Formulation % Ash Delivered to Throat
Cost ($/dry ton)? Fraction (%) of Conversion Reactor
Pulp 99.38 30 0.5
Logging Residues’ 74.83 35 1.5
Switchgrass 80.54 10 2.8
C&D Wastes 63.77 25 0.5
Formulation 80.00 100 11
Totals

! residues do not include costs for harvest and collection; they are moved to landing while attached to the merchantable
portion of the tree (for example, timber or pulpwood)

Zincludes ash mitigation

The supply system design for the Southeast blends the three feedstocks (thinnings, residues, and pulpwood).
Initial harvest, collection, and preprocessing (i.e., de-barking and size reduction) occur at the landing for
these cost estimates while secondary preprocessing, storage, and handling occur within the gates of the
biorefinery for this cost estimate. At the landing all feedstock are comminuted, however only pulpwood
includes a debarking process. For pulpwood, preprocessing involves a grinder and a dryer. For thinnings
and residues, preprocessing includes a chip cleaning operation as well as a dryer and grinder. Note that
many potential design elements may be incorporated to meet cost targets, including densification (including
high-moisture densification), ash reduction, fractionation, thermal and hydrothermal treatments, and other
developing technologies.

Preliminary results on feedstock supply chains delivering material to cellulosic sugar, bio-oil, and syngas
conversion pathways demonstrate that with the ability to blend multiple feedstocks and include some
preprocessing operations it is possible to acquire high volumes of material, reduce feedstock variability to
meet biorefinery in-feed specifications and meet the required $80/dry ton cost of material to the throat of
the biorefinery. Much more research needs to be done both on the performance of blended material as well
as the blending strategies themselves, as well as other technologies incorporated into advanced designs. In
addition, current pre-conversion systems are expensive, and reducing those costs is a significant barrier to
meeting future cost targets. However, there is ongoing research at the National Laboratories, universities,
and industry to address these challenges.
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Appendix F: Compound Selection

Bio-oil Composition

Pyrolysis oil or bio-oil is a complex mixture comprising of hundreds of compounds. Only up to 40% of the
compounds can be observed by gas chromatography-mass spectroscopy (GC/MS) because bio-oil typically
contains a large portion of lignin and carbohydrate derived components which are nonvolatile and
undetectable by GC/MS (Mullen 2009). A combination of solvent fractionation, element (C,H,N) analysis
and GC chromatography is more effective for chemical characterization of the whole bio-oil (Kai Sipilé
1998). For example, pine derived bio-oil can be extracted and divided into 6 fractions using water, ether,
hexane and dichloromethane (DCM). Compound types and functional groups in different fractions analyzed

by GC/MS, Py-GC/MS and CHN analysis (Venderbosch 2010) are shown in Table F-1.

Table F-1. Example Chemical Types in Pine Bio-oil

W1t% W1t% W1t%
Fraction/Chemical (wet basis) (wet basis), (dry basis),
groups Compound types Venderbosch Oasmaa 2010 Oasmaa 2010
2010
Water solubles 75-85
. 6.5 Total 8.5 Total
Acids, alcohols ;T;I]IO?SCMS, small 5-10 Acids =4.3 Acids = 4.3
Alcohols =2.2 | Alcohols =2.2
Catechols, syringols,
i guaiacols, aldehydes, i
Ether-solubles ketones, furans and 5-15 15.4 20.3
pyrans
Ether-insolubles | Sugars 30-40 34.4 45.3
Water Water 20-30 23.9 -
Water insolubles 15-25
Extractives (High MW
i compounds with i
Hexane-solubles functional groups such 2-6 4.35 5.7
as acids, alcohols)
Stilbenes, Low MW
DCM solubles lignin degraded 5-10 134 17.7
compounds
DCM insolubles | 19" MW lignin 2-10 1.95 2.6
degraded compounds

Bio-oil Model Compounds

A mixture of model compounds in Table F-2 is used to represent bio-oil. The model compounds were
selected based on the analysis of wood derived bio-oil published in research literature. Compounds in the
Aspen Plus and CHEMCAD databases were preferred over user defined compounds for which chemical
and physical properties must be inserted in the simulation, and rely on limited data. The number of model
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compounds representing bio-oil was also minimized to reduce complexity of the model. However, key

properties of the model compound mixture such as C,H,0O,N,S element analysis, density, and heating value

were matched with the bio-oil for thermodynamic consistency with experimental results.

Table F-2. Model Compounds Used to Represent Bio-oil

Compound group Model compound Formula % wt Reference suggesting
(dry basis) | compounds, chemical structures
or functional groups
Water soluble
Acids Crotonic acid C4H602 5.57 | Thangalazhy-Gopakumar 2010
Alcohols 1,4-Benzenediol C6H602 6.97 | Branca 2003; Garcia-Perez
2008; Djokic 2012
Ketones Hydroxyacetone C3H602 8.29 | Djokic 2012; Garcia-Perez 2008
Aldehydes 3-Methoxy-4- C8H803 6.97 | Djokic 2012; Garcia-Perez
Hydroxybenzaldehyde 2008; Liu 2012; Thangalazhy-
Gopakumar 2010
Guaiacols Isoeugenol C10H120 4.98 | Branca 2003; DeSisto 2010;
2 Thangalazhy-Gopakumar 2010;
Kim 2011
Low MW sugars Levoglucosan C6H1005 5.97 | Branca 2003; DeSisto 2010;
Garcia-Perez 2008;
Venderbosch 2010
High MW sugars Cellobiose C12H220 33.86 | Radlein in Bridgewater 2002
11
Water insoluble
Low MW lignin Dimethoxy stilbene C16H160 10.95 | Venderbosch 2010
derived compound A 2
Low MW lignin Dibenzofuran C12H80 2.21 | Bayerbach 2006
derived compound B | (representing diphenyl
compounds)
Extractives Dehydroabietic acid C20H280 2.99 | DeSisto 2010; Venderbosch
2 2010
High MW lignin Oligomeric C20H260 9.15 | B-O-4 bond is the major type of
derived compound A | compounds with -O- 8 linkage in wood derived lignin
4 bond* (Chu 2013)
High MW lignin Phenylcoumaran C21H260 1.99 | Bayerbach 2006
derived compound B | compounds* 8
Nitrogen compounds | 2,4,6- C8H11N 0.070 | Pyridines are found as nitrogen
trimethylpyridine containing compounds in bio-oil
(Diebold in Bridgwater 1999
volume 1)
Sulfur compounds Dibenzothiophene C12H8S 0.025 | Garcia-Perez 2008
*Standard name is not available. Molecular structure is shown in Table F-3 and drawn based on the
properties and functional groups suggested in the literature [Bayerbach 2006; Chu 2013].

Most of the model compounds are available in the software databases, however, several are user defined
compounds: levoglucosan, high MW sugars and low MW lignin derived compounds and high MW lignin.
The properties are based on experimental data if available, or estimated by using the UNIFAC contribution
group method and ACDlabs software. Properties of the user defined compounds are listed in Table F-3.
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Table F-3. Molecular Structures, and Physical and Chemical Properties for User Defined Compounds

Properties

Estimated by ACDlabs
software, unless noted

Estimated by using the UNIFAC contribution group method,
unless noted otherwise.

otherwise.
Compound Formula and Molecular
Structure Coefficients Ve AH AG;
Tbp, F | for vapor TeoF | P9 | # | TmF Btu/ Btu/
pressure P32 1omol Ibmol Ibmol
equation
Isoeugenol C10H1202 A =50.75
il B =-9430.29
7 507.2 C=-3.46 57.2
(Ref1) | D=-117E6 9875 | 4764 | 7.8 (Ref 3) -88516.7 | -16887.1
E=2
I (Ref2)
Levoglucosan |[C6H1005 A =149.33
o B =-18972.6
C =-16.826 99.5 -412740
oo 772.8 D = -4 57E-9 1056 | 668.9 3.0 (Ref 2) (Ref 5) -255625
OH HO E = 2
(Ref 2)
Cellobiose C12H22011 A =53.01
& - B =-19999.5 462.2
H:jyg"’\ L7l | 12302 | C=-44204 | 12815 | 340 | 68 | (Refd) 3531‘42)9 1503968
BN D =-1.5E-7
o E=2
High MW C20H2608
lignin derived A =81.08
compound A on o B =-20000
(Oligomeric @\/ 11984 | C=-7.036 1482.2 | 2419 | 15.9 218.3 -498806 | -297590
compounds MO o o D =2.279E-7
with p-O-4 E=2
bond)
High MW C21H2608
lignin derived oH
compound B A =85.84
(Phenyl- B =-20000
coumaran 11724 C=-7.72 1468.2 | 243.7 16.0 252.3 -496040 -284159
compounds) D = 3.84E-7
E=2

TVp=exp[A+B/T+CIn(T)+DTF] When Vp = vapor pressure (Pa), T = temperature (K)

Ref 1 CRC 2013

Ref 2 Dortmund 2013

Ref 3 Chemicalland 2013
Ref 4 Chemical book 2013
Ref 5 Domalski 1972

The solid char from fast pyrolysis primarily consists of carbon. The char compositions are calculated by

different in the design and are comparable to the experimental results as presented in Table F-4. The char

heating value is calculated by using this equation (H.H. Schobert, Lignites of North America, pp 507):

HHYV (Btu/lb) = 146.58C + 568.78H - 51.53(0O+N) - 6.58Ash + 29.45S
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Table F-4. Characteristics of Solid Char from Fast Pyrolysis

. . Gregoir Base
From DeSisto 2010 Kim 2012 e 1995 Case
Vortex
reactor,
Pyrolysis of pine sawdust Fast pyrolysis of pitch pine (fluidized wood
(fluidized bed) bed) chips
400°C 500°C 600°C 300°C 400°C 500°C 500°C 500°C
Ash (%) 145 169 351 | 45+033 7.9+054 7.7+0.80 2.87 1.67
C, % 70.9 74.1 83.4|63.9+204 707+233  905+1.13 81.8 83.03
H, % 4.7 4.4 31| 54+034 3.4+0.09 2.5+0.10 3.7 114
N, % <05 <05 <05| 03+003 0.4+0.05 0.3+0.04 0.10 137
0, % 230 215 10.0 | 30.4+173 255+247 6.7+1.20 115 6.56
0:C 0320 0290  0.120 0.141 0.08
Total 100.6  102.2 100.5 99.87 100
28.81
HHV
(MJ/kg) 285 2805  29.91
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Hydrotreated Oil Model Compounds

The following describes the criteria for choosing the compounds used to represent hydrotreated bio-oil.
Hydrotreating of bio-oil occurs in three stages; stabilization bed, 1% stage hydrotreating reactor and 2™ stage
hydrotreating reactor. The hydrotreating reactions of bio-oil are very complex. Published experimental data
were generated from different reactor configurations and a wide range of process conditions.

Tables F-5, shows the mixture of model compounds used to represent the hydrotreated oil from the
stabilizer and the first reactor. The intermediates in the upgrading of pyrolysis oil are selected based on the
reactivity scale of oxygenated groups in Figure 6 (Elliott 2007) and the study by Vispute 20009.

The compounds and properties of the upgraded oil from the second reactor are shown in Tables F-6 and F-
7. GC/MS data were used to guide the selection. Figure F-1 shows experimentally derived distillation
curves that were used to help select the final fuel compounds based on their boiling points.

Table F-5. Model Compounds Representing Mild Hydrotreating Products

Compound Formula Molecular structure Hydrotreating intermediates from
N-Butyric Acid C4H802 Small acids

Small aldehydes, alcohols, ketones
1,2-Propanediol C3H802

Sugars (Vispute 2009)
Glucose C6H1206

Sugars (Vispute 2009)

Hydrogenation of extractive

HT dehydroabietic compounds

) C19H28
acid

o]
H3CMOH
OH
Ao
HsC
HO
HO OH
OH
OH OH
. OH
Sorbitol C6H1406 HO
HO CH
CHy
HsC

H CHy

Low MW derived lignin compounds
Pinosylvin C14H1202 ./(‘ .

High MW derived lignin
Indene C9H8 O

9

compounds
CHg

4-methylphenanthrene | C15H12 O

High MW derived lignin
compounds




Table F-6. Upgraded Oil Model Compounds

Formula % v_vt in upgre_1ded
Compound group Model compound oil (dry basis)
Normal paraffins Hexane C6H14 10.61%
Dodecane C12H26 6.11%
Pentane C18H38 3.88%
Iso-paraffins 3-Methylhexane C7H16 3.89%
4-methylnonane C10H22 6.15%
Cyclopentanes Cyclopentane, ethyl C7H14 3.79%
1-methyl-1-ethylcyclopentane C8H16 5.03%
Cyclohexanes Cyclohexane C6H12 4.86%
Cylcohexane, butyl- C10H20 3.67%
1,1-Bicyclohexyl C12H22 3.37%
Cyclo C7+ 1,3-dimethyladamantane C12H20 3.44%
Aromatics o-xylene C8H10 7.90%
Benzene, 1-ethenyl-4-ethyl- C10H12 3.34%
Heavies 4-methylphenanthrene C15H12 6.45%
Pyrene C16H10 6.24%
Diphenyl 1,2-Diphenylethane Cl14H14 1.08%
Indanes and indenes Indane C9H10 1.72%
1H-Indene, 1,2,3-trimethyl- C12H14 1.29%
-Nn- - - 0,
1,2,3,4 Naphthalene #er;r:he;g/rloifﬁﬁtﬁalene C16H24 2.51%
Naphthalenes Naphthalene, 2,7-dimethyl C12H12 4.31%
PNAs Naphthalene, 1-phenyl- Cl6H12 5.32%
Oxygenates 5-Methyl-2-(1-methylethyl)phenol C10H140 4.86%
Nitrogen compounds | 2,4,6-trimethylpyridine C8H11N 0.157%
Sulfur compounds Dibenzothiophene C12H8S 0.025%
Table F-7. Hydrotreated Oil Element Balances and Properties
Characteristic Elliott 2013 Elliott 2012 Base case

Moisture content, wt% 0.1 0.01-0.03 -

Carbon, wt% 875 83.5-87.3 87.7

Hydrogen, wt% 12 11.2-13.6 11.8

Oxygen, wt% 05 0.2-0.3 0.52

Nitrogen, wt% <0.05 <0.05 0.02

Sulfur, wt% <0.005 <0.005-0.014 0.004

HHV, MJ/Kkg 45 N/A 44.3

Density, g/ml 0.84 0.76-0.87 0.848
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Figure F-1. Hydrotreated Oil Distillation Curve by ASTM D2887

Each model compound in the process simulation is used to represent a group of compounds having similar
physical or chemical properties. Table F-8 lists of all model compounds and their generic names used in
this work.
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Table F-8. Model Compounds and Their Generic Names

Generic names

Model compounds used to represent groups of
similar compounds

1,2,3,4-Naphthalenes

6-Hexyltetralin

Acids Crotonic acid

Acids Intermediates N-Butyric acid

Alcohols 1,4-Benzenediol

Aldehydes 3-Methoxy-4-Hydroxybenzaldehyde
Aromatic A O-Xylene

Aromatic B Benzene, 1-ethenyl-4-ethyl-

Ash Ash

Bicyclos 1,1-Bicyclohexyl

Carbon Carbon

Carbonyl intermediates

1,2-Propanediol

Extractive intermediates

HT Dehydroabietic acid (see Table F-5)

CycloC5 A Ethyl-cyclopentane

Cyclo C5B 1-methyl-1-ethylcyclopentane
Cyclo C6 A Cyclohexane

Cyclo C6 B N-Butylcyclohexane

Cyclo C6-HCK product Methyl-cyclohexane

Cyclo C7+ 1,3-Dimethyladamantane

Diphenyl compounds

1,2-Diphenylethane

Extractives

Dehydroabietic acid

Guaiacols

Guaiacol

High MW lignin compound intermediates

Indene

High MW lignin derived A

High MW lignin derived compound A (see Table F-3)

High MW lignin derived B

High MW lignin derived compound B (see Table F-3)

High MW sugars

Cellobiose (see Table F-3)

Indans Indan

Indenes 1H-Indene, 1,2,3-trimethyl-
Iso-paraffin A 3-Methylhexane
Iso-paraffin B 4-Methylnonane

Ketones Acetol

Low MW lignin compound intermediates Pinosylvin

Low MW lignin derived B

1,2-Diphenylethane

Low MW sugars Levoglucosan
Medium chain n-paraffins N-Dodecane
Naphthalenes 2,7 Dimethylnapthalene

Nirogen compounds

Trimethyl Pyridine

N-paraffin-HCK product A N-Nonane
N-paraffin-HCK product B N-Octane
Phenanthrenes 4-Methylphenanthrene
Phenols Thymol

Polynuclear aromatics Naphthalene, 1-phenyl-
Pyrenes Pyrene

Sand Silicon Dioxide

Short chain n-paraffins N-Hexane

Sugar intermediate A Alpha-D-Glucose
Sugar intermediate B Sorbitol

Sulfur agent

Dimethyl Sulfide

Sulfur compounds

Dibenzofuran
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Appendix G: Indices

Table G-1 Labor Indices

Source: Bureau of Labor Statistics
Series ID: CEU3232500008 Chemicals
Average Hourly Earnings of Production Workers
Current indices at http://data.bls.gov/cgi-bin/srgate

YEAR INDEX YEAR INDEX
2002 17.97 2007 19.55
2003 18.50 2008 19.50
2004 19.17 2009 20.30
2005 19.67 2010 21.07
2006 19.60 2011 21.46

Table G-2 Capital Cost Indices
Chemical Engineering Magazine, CEl annual index

2012 and 2013 regressed from previous year data (DOE 2013)

YEAR INDEX YEAR INDEX
1990 357.6 2002 395.6
1991 361.3 2003 402.0
1992 358.2 2004 444.2
1993 359.2 2005 468.2
1994 368.1 2006 499.6
1995 381.1 2007 525.4
1996 3817 2008 575.4
1997 386.5 2009 521.9
1998 389.5 2010 550.8
1999 390.6 2011 585.7
2000 394.1 2012 617.6
2001 394.3 2013 649.5
2000 394.1

Table G-3 Inorganic Chemical Indices

Source: SRI International Chemical Economics Handbook, Economic Environment of the Chemical
Industry, September 2006
Current indices at https://www.sriconsulting.com/CEH/Private/EECI/EECI.pdf

YEAR INDEX YEAR INDEX
1990 123.6 2001 158.4
1991 125.6 2002 157.3
1992 125.9 2003 164.6
1993 128.2 2004 172.8
1994 1321 2005 187.3
1995 139.5 2006 196.8
1996 1421 2007 203.3
1997 147.1 2008 228.2
1998 148.7 2009 224.7
1999 149.7 2010 233.7
2000 156.7 2011 249.3
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