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that its use would not infringe privately owned rights.  Reference herein to any specific commercial 
project, process, or service by trade name, trademark, manufacturer, or otherwise does not necessarily 
constitute or imply its endorsement, recommendation, or favoring by the United States Government or 
any agency thereof.  The views and opinions of authors expressed herein do not necessarily state or reflect 
those of the United States Government or any agency thereof. 
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Abstract 

Overall objective of this project was to develop a technology platform for cleaning/conditioning 
the syngas from an integrated gasification combined cycle (IGCC) system at elevated temperatures 
(500-1,000 °F) and gasifier pressures to meet the tolerance limits for contaminants, including H2S, COS, 
NH3, HCl, Hg, and As.  This technology development effort involved progressive development and 
testing of sorbent/catalytic materials and associated processes through laboratory, bench, pilot, and 
demonstration testing phases, coupled with a comprehensive systems analysis at various stages of 
development. 

The development of the regenerable RTI-3 desulfurization sorbent — a highly attrition-resistant, 
supported ZnO-based material — was the key discovery in this project.  RTI-3’s high attrition resistance, 
coupled with its high reactivity, effectively allowed its application in a high-velocity transport reactor 
system.  Production of the RTI-3 sorbent was successfully scaled up to an 8,000-lb batch by Süd-Chemie.  
In October 2005, RTI obtained U.S Patent 6,951,635 to protect the RTI-3 sorbent technology and won the 
2004 R&D 100 Award for development of this material. 

The RTI-3 sorbent formed the basis for the development of the High-Temperature 
Desulfurization System (HTDS), a dual-loop transport reactor system for removing the reduced sulfur 
species from syngas.  An 83-foot-tall, pilot HTDS unit was constructed and commissioned first at 
ChevronTexaco’s gasification site and later at Eastman’s gasification plant.  At Eastman, the HTDS 
technology was successfully operated with coal-derived syngas for a total of 3,017 hrs over a 12-month 
period and consistently reduced the sulfur level to <10 ppmv.  The sorbent attrition rate averaged 
~31 lb/MM lb of circulation. 

To complement the HTDS technology, which extracts the sulfur from syngas as SO2, RTI 
developed the Direct Sulfur Recovery Process (DSRP).  The DSRP, operating at high pressure and high 
temperature, uses a small slipstream of syngas to catalytically reduce the SO2 produced in the warm 
syngas desulfurization process to elemental sulfur.  To demonstrate this process at Eastman, RTI 
constructed and commissioned a skid-mounted pilot DSRP unit.  During its 117-h operation, the DSRP 
system achieved 90% to 98% removal of the inlet sulfur. The DSRP catalyst proved very robust, 
demonstrating consistent reaction rates in multiple experiments over a 3-year period. 

Sorbent materials for removing trace NH3, Hg, and As impurities from syngas at high temperature 
and high pressure were developed and tested with real syngas.  A Li4SiO4 sorbent for removal of CO2 
from syngas at high temperature was also developed and tested.  The Li4SiO4 material demonstrates 
excellent CO2 removal, but its regeneration was found to be technically challenging. 

Additionally, reverse-selective polymer membrane materials were investigated for the bulk 
removal of CO2 and H2S from syngas.  These materials exhibited adequate separation at ambient 
conditions for these acid gases.  Field testing of these membrane modules with real syngas demonstrated 
potential use for acid-gas separation from syngas. 

The HTDS/DSRP technologies are estimated to have a significant economic advantage over 
conventional gas cleanup technologies such as Selexol™ and Rectisol.  From a number of system studies, 
use of HTDS/DSRP is expected to give a 2-3 percentage point increase in the overall IGCC thermal 
efficiency and a significant reduction in capital cost.  Thus, there is significant economic incentive for 
adaptation of these warm gas cleanup technologies due to significantly increased thermal efficiency and 
reduction in capital and operating costs.  RTI and Eastman are currently in discussions with a number of 
companies to commercialize this technology. 
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ES-1 

Executive Summary 

RTI’s overall objective of this project was to develop a technology platform for cleaning and 
conditioning the syngas from an integrated gasification combined cycle (IGCC) system at elevated 
temperatures (500-1,000 °F) and gasifier pressures to meet the tolerance limits for contaminants, 
including H2S, COS, NH3, HCl, Hg, and As. This technology development effort involved progressive 
development and testing of sorbent/catalytic materials and associated processes through laboratory, 
bench, pilot, and demonstration testing phases, coupled with a comprehensive systems analysis at various 
stages of development. This technology development effort was closely coordinated with DOE/NETL’s 
gasification program plans and strategic priorities. 

In the Base Program of this contract, polymeric membrane materials were developed for bulk 
sulfur removal, followed by polishing desulfurization using sorbents and/or monoliths. Additionally, 
control technologies for removal of NH3 and HCl vapors from warm syngas were also developed. A final 
report for this Base Program was submitted to DOE/NETL in September 2001. The membrane systems 
were found to be limited in operating temperature to about 200°F, and their integration in an overall 
IGCC was determined to be challenging. However, they were found to provide a cost-effective way to 
remove CO2 and H2S at ambient conditions, and their integration with conventional amine systems 
appeared technically and economically attractive. Therefore, research was continued to develop and 
demonstrate these membranes for CO2 and H2S removal applications from syngas. 

In Phase II of this project, a platform of novel syngas cleaning technologies for gaseous 
contaminant control in the 500-1,000 °F temperature range, including: 

■ High-Temperature Desulfurization System (HTDS) 
■ Direct Sulfur Recovery Process (DSRP) 
■ Removal of NH3, Hg, and As 
■ Separation of H2S, COS, CO2, and H2O from syngas using polymeric membranes at ambient 

conditions 
■ Removal of CO2 from simulated syngas at high temperatures (750-1,100 °F) 

was established to achieve improved thermal efficiency, reduced environmental emissions, and reduced 
capital cost. Although these technologies were at different stages of development, one of the objectives of 
this project was to push the first four technologies through at least slipstream pilot-plant testing with real 
syngas derived from a commercially representative gasifier fed with U.S. coals. The development target 
established for the final technology was bench-scale demonstration with simulated syngas. This report 
provides a detailed description of the R&D efforts for key technology components and their current state 
of development. 
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ES.1 RTI-3 Sorbent 
RTI-3 sorbent, because of its high attrition resistance and high desulfurization and regeneration 

activities, was the enabling technology for transport-reactor-based HTDS. This sorbent was based on ZnO 
(as an active ingredient) supported on an attrition-resistant support (zinc aluminate). This sorbent was 
produced using a commercially scalable spray drying process in the 40- to 100-μm particle size range. 
The attrition resistance of this material was significantly superior to a commercial fluid catalytic cracking 
(FCC) catalyst. Extensive bench-scale testing of this sorbent at RTI with simulated syngas mixtures 
representing ChevronTexaco’s high-performance full quench gasifier (containing about 60% steam) 
demonstrated its ability to reduce H2S down to <1 ppmv and COS down to <5 ppmv at temperatures as 
low as 550 °F with a residence time of about 4 seconds during multicycle testing with a saturation sulfur 
capacity of about 9 wt%. Its regeneration was successfully demonstrated around 1,275 °F. This sorbent 
was found to be very robust in extensive bench-scale parametric testing at RTI. 

RTI filed a patent application on September 26, 2003, to protect composition, method of 
manufacturing, and its use for desulfurization. The U.S. patent office granted this patent (6,951,635) on 
October 4, 2005. In 2004, the R&D Magazine selected this discovery for a 2004 R&D 100 Award. The 
sorbent was successfully scaled up to produce an 8,000-lb batch by Süd-Chemie in their commercial-scale 
spray dryer. The scaled-up sorbent has been used to provide all the sorbent required for testing in this 
project. Using their preparation of an 8,000 lb batch as an example, Süd-Chemie believes that they have 
demonstrated commercial production of this sorbent and are therefore adequately prepared to meet any 
sorbent requirements for future IGCC plants employing the transport reactor syngas desulfurization 
technology. 

ES.1.1 High-Temperature Desulfurization System (HTDS) 

A number of reactor configurations have been investigated over the past 20 years for 
desulfurization of syngas, including fixed-bed, moving-bed, and bubbling fluidized-bed reactors. Fixed- 
and moving-bed systems are relatively simple to design and operate, but the highly exothermic 
regeneration reaction provides a major challenge in controlling the temperature. The transport reactor — a 
high-velocity, circulating, fluidized-bed system — can easily deal with temperature control because of 
high sorbent circulation rates.  

Our HTDS unit design is based on a dual-loop transport reactor system (Figure ES-1) using 
RTI-3 sorbent to remove the reduced sulfur species from the syngas via the following reactions: 

 H2S + ZnO →← H2O + ZnS 

 COS + ZnO →← CO2 + ZnS 
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Figure ES-1. HTDS flow diagram. 

The partially sulfided sorbent is regenerated via reaction with an oxygen-containing stream, such as air, 
via the following reaction: 

 ZnS + 3/2 O2 ZnO + SO2 

One of the key challenges in previous attempts to use transport reactor systems (e.g., at Pinon Pine IGCC) 
has been sorbent attrition. Limited testing conducted by RTI and KBR using a pilot-scale, single-loop 
transport reactor early in this project demonstrated the ability of the RTI-3 sorbent to remove sulfur from 
a simulated syngas mixture to <10 ppmv from a feed gas containing ~10,000 ppmv of reduced sulfur 
species. Although this testing established RTI-3 as a very promising sorbent for HTDS, this testing did 
not 

■ Test RTI-3 with real coal-derived syngas, which would contain trace impurities 
■ Complete sufficient testing to demonstrate long-term issues with RTI-3 activity and attrition 
■ Test the full dual-loop commercial embodiment of HTDS 

Following extensive bench-scale testing at RTI and successful pilot-plant testing at KBR of 
RTI-3 sorbent in 2002, RTI entered into a joint development agreement (JDA) with ChevronTexaco 
(CVX) to develop this technology. ChevronTexaco at its Montebello Technology Development Center 
(MTDC) in California (about 10 miles east of downtown Los Angeles) had a 3-ton/day Research Gasifier 
Unit (RGU) capable of operation at 1,200 psig in full quench mode to produce roughly about 17,000 scfh 
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of raw syngas. As part of the JDA with CVX, this syngas was used as a design inlet gas for an HTDS 
pilot plant. RTI, working with KBR and CVX, designed and constructed this HTDS pilot unit (which was 
about 83-feet tall) to be capable of operating at 1,200 psig and 1,400 °F and processing the entire syngas 
flow from CVX’s RGU. The HTDS pilot plant was integrated with CVX’s RGU and other process 
utilities in November 2003 and commissioned in December 20003. After a few design issues, the sorbent 
was successfully circulated with nitrogen in the HTDS in March 2004. 

CVX made numerous attempts to operate the RGU with coal feeds during December 2003 to 
March 2004, but stable operation of the unit could not be obtained due to a number of mechanical and 
process issues. As a result, a limited amount of syngas was fed into the HTDS. The pressure of the outlet 
syngas from RGU varied so much that getting stable sorbent circulation in the HTDS unit was impossible. 
Nevertheless, this testing proved to be very useful to resolve a number of operational issues with HTDS. 
In March 2004, CVX decided to sell the Gasification business and, as a part of this sale, decided to close 
the MTDC site. 

In March 2004, RTI and DOE/NETL approached Eastman Chemical Company (Eastman) about 
participating in this project to develop the technology. Eastman has been successfully operating a coal 
gasification system (feeding about 1,250 tons/day of Eastern bituminous coals) based on CVX’s full 
quench design to produce syngas for chemicals application. At the time, Eastman Gasification Services 
Company, a wholly owned subsidiary of Eastman Chemical Company, was marketing Eastman’s 
gasification expertise to other gasification users and believed the new technologies would benefit 
Eastman’s business. The primary goals of the HTDS development efforts with Eastman were to confirm 

■ Ability of the HTDS to consistently remove sulfur from coal-derived syngas over extended 
time periods (2,000-3,000 hours) 

■ Long-term attrition rate of the sorbent 
■ Impact of any trace impurities present in coal-derived syngas 

The HTDS and associated equipment were moved from the CVX site at MTDC to Kingsport, TN, 
in the summer of 2004. The commissioning of the HTDS unit began in September 2004 (Figure ES-2), 
and the initial operations with syngas were conducted between November 2005 and January 2006. The 
absorption portion of the process was immediately successful, removing >99.9% of the sulfur and 
producing a clean syngas containing between 0.4 ppmv and 10 ppmv total sulfur. Unfortunately, the 
regeneration reactor could not be operated at rates sufficient to match the absorption reaction, and the 
sorbent quickly became saturated allowing sulfur breakthrough into the effluent syngas. Three possible 
causes of the poor regeneration reaction rate were identified. Equipment modifications were made to 
correct these problems, and HTDS operations resumed in September 2006 and were immediately 
successful, achieving steady-state operation of both regeneration and absorption reactors within 10 hours 
of startup. The modified HTDS unit was operated with coal-derived syngas for a total of 3,017 hrs over a 
12-month period and consistently reduced the sulfur level to <10 ppmv. 
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Figure ES-2. HTDS and DSRP installation at Eastman Chemical 

Company's Coal Gasification Complex. 

Analysis for trace impurities showed that the HTDS system also removed arsenic and selenium. 
Arsenic was found to accumulate on the sorbent in the HTDS pilot plant. The final arsenic concentration 
on RTI-3 after 3,017 h of operation was determined. The presence of arsenic on the sorbent did affect the 
sorbent regeneration based on laboratory testing and may have contributed to the slow regeneration 
reaction rates with the initial design. However, the modified design was able to overcome any arsenic 
effect. 

Extensive parametric experiments to identify significant process variables were completed. Chief 
among these were absorber reaction temperature, absorber reactor residence time, absorber sorbent 
circulation rate, and sorbent sulfur concentration. The sorbent attrition rate averaged ~31 lb/MM lb of 
circulation. Similar attrition rates for commercial FCC catalysts are 50 to 100 lb/MM lb of circulation. 
Commercially viable control schemes and procedures were evaluated for startup, shutdown, and normal 
operations. Based on this development, there is a high degree of confidence that the HTDS technology 
can be successfully commercialized. 
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ES.1.2 Direct Sulfur Recovery Process (DSRP)  

The sulfur removed from syngas during the desulfurization requires appropriate treatment to 
avoid release of an SO2 byproduct that exceeds the regulatory permitted limits. For conventional 
desulfurization technologies, the sulfur is removed as H2S, and conventional Claus and commercial tail 
gas treatment technologies convert this H2S to elemental sulfur. For the warm syngas desulfurization 
process and sorbent developed in this project, the sulfur is extracted from the syngas as SO2 rather than 
H2S. The three typical options for processing this SO2 byproduct stream to meet regulatory permitting 
limits include 

■ Modified Claus process 
■ Sulfuric acid production 
■ Direct Sulfur Recovery Process (DSRP) 

DRSP is a process developed by RTI that uses a small slipstream of syngas to catalytically reduce 
the SO2 produced in the warm syngas desulfurization process to elemental sulfur. The specific principal 
chemical reactions are 

 SO2 + 2H2 ↔ S + 2H2O 

 SO2 + 2CO ↔ S + 2CO2 

The unique feature of DSRP is that the optimum operating conditions for the process include high 
pressure and high temperature, making integration of DSRP and the warm syngas desulfurization process 
extremely compact and efficient.  

The HTDS regenerator off-gas contains sulfur dioxide in nitrogen at 10-14 mol%. Higher SO2 
concentrations are possible if enriched air is used in place of neat air for the HTDS regeneration reaction. 
Because of this high SO2 concentration, this stream is also very well-suited for producing sulfuric acid. 

Development of the DSRP process began in 1988 with simulated gas mixtures in small, bench-
scale reactor systems at RTI. A significant amount of process development, scale-up, and field testing of 
this technology has been carried out over the last 20 years. During this development, a number of process 
and catalyst issues were addressed. 

To demonstrate integrated operation of HTDS and DSRP at Eastman, RTI constructed and 
commissioned a skid-mounted pilot plant (Figure ES-3 and Figure ES-4). The unit was installed in 
Eastman’s gasification department after RTI completed initial commissioning with simulated gases. 
Initial attempts to operate the unit were plagued with numerous equipment problems. During 
commissioning at RTI and Eastman, operation of the DSRP pilot plant was significantly improved, 
ultimately allowing continuous operation for up to 55 hours. One particularly challenging problem was 
plugging at the sulfur drain point for molten sulfur. With this line plugged, sulfur could not be drained 
from the collection vessel while the pilot plant was operating. By increasing the drain line to 1-in. and 
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fully jacketing the drain line and valve with tempered oil (~150 ºC), the sulfur collection vessel could be 
reliably and reproducibly drained. 

 

 
Figure ES-3. DSRP block flow diagram. 

 

 
Figure ES-4. DSRP skid-mounted pilot plant. 
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Unfortunately, shortly after resolving a majority of these operational issues, the waste gas header 
that handled all tail gases from the HTDS and DSRP units suffered a leak due to corrosive attack from 
wet SO2. A solution for processing this tail gas could not be achieved within project time and budget 
constraints. The DSRP portion of the project was therefore concluded after 117 hours of operation rather 
than the 800 hours of testing planned. 

The DSRP system was able to remove 90-98% of the inlet sulfur. The DSRP catalyst proved very 
robust, demonstrating consistent reaction rates in multiple experiments over its 3-year history at RTI and 
Eastman. A 500-hour exposure test of this catalyst was carried out to assess any accumulation of trace 
metals during later testing at Eastman. These test results show significant accumulation of As and Se on 
the catalyst, consistent with our previous field tests at DOE/NETL and General Electric (GE). This As/Se 
accumulation did not appear to affect the catalyst activity. Overall, current bench- and pilot-scale testing 
has clearly indicated no “fatal flaws” in the technology; however, because of the limited operating 
experience, further testing must be done, at either pilot- or demonstration-scale, before the DSRP 
technology can be commercialized. 

ES.2 Multicontaminant Removal via Fixed Sorbent Beds 
In addition to sulfur, coal-derived syngas also contains a number of trace impurities that may 

cause problems with downstream processes and/or result in emissions that are harmful to the 
environment. If adequate technologies are not available to control these contaminants at operating 
conditions that can be easily integrated with HTDS, the commercial attractiveness of HTDS is 
diminished. To overcome this issue, RTI developed sorbent materials for removal of ammonia (NH3), 
mercury (Hg), and arsenic (As) from syngas at high-temperature, high-pressure conditions. An extensive 
bench-scale testing program was conducted at RTI to develop sorbents for these applications. 

For ammonia removal, highly acidic zeolitic materials were found to be suitable to reduce the 
ammonia content of syngas from 500 ppmv down to <10 ppmv. These adsorbent materials were fully 
regenerable by temperature swing. A commercial CBV-712 zeolite obtained from Zeolyst was 
successfully tested for 10 adsorption/regeneration cycles with simulated syngas and exhibited excellent 
performance for ammonia removal without any deactivation. 

For removal of Hg and As, a number of sorbent materials were screened at RTI under various 
simulated gas mixtures. Presence of sulfur in syngas hampered the performance of most of the Hg 
sorbents and some of the As sorbents. However, during bench-scale testing at RTI, we identified two 
suitable Hg sorbents and a number of As sorbents that were suitable for removing these contaminants 
from simulated syngas mixtures. 

These materials were further tested with real syngas at Eastman in a skid-mounted pilot plant 
constructed by RTI. This skid, consisting of multiple fixed sorbent beds, was operated for 525 hours at 
about 200 °C (392 °F) to test the following sorbents 
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■ A regenerable fixed-bed acidic sorbent for NH3 removal (CBV -712) 
■ A disposable fixed-bed sorbent for As removal (RTI arsenic sorbent A) 
■ A disposable fixed-bed sorbent for Hg removal (Impregnated carbon) 

In addition to testing these syngas cleaning technologies, the skid also included an exposure chamber for 
a lithium-silicate-based sorbent for high-temperature removal of CO2 from syngas. The objective of this 
exposure testing was to evaluate the effects of the accumulation of trace contaminants on the sorbent from 
exposure to coal-derived syngas. 

After 525 hours of testing, the Hg and As sorbent beds were sampled by RTI to permit evaluation 
of contaminant distribution along the length of the bed. The As guard bed was very effective in removing 
As from the syngas. No significant accumulation of Hg was observed on the Hg sorbent bed; however, a 
significant amount of Hg was found on the As sorbent bed upstream of the Hg sorbent bed. 

On-line analysis for NH3 was attempted with limited success. A FTIR analyzer was used but 
failed after about 7.5 hours due primarily to moisture attacking the optical cell of the instrument. Because 
of heat tracing limitations, the temperature of the sample gas could not be maintained above the saturation 
temperature. With this limitation, it was not possible to avoid moisture damage to the FTIR analyzer. A 
wet chemistry technique was also tried but gave very inconsistent results. Based on the limited FTIR data, 
the NH3 adsorbent was able to reduce the NH3 content of the syngas from 440-500 ppm to 6-20 ppm, thus 
removing 95-99 % of the NH3 present in the feed syngas. While the initial results are encouraging, no 
conclusions can be reached about the long-term effectiveness of the NH3 sorbent. 

Multicontaminant control work will be continued by RTI under ongoing DOE Cooperative 
agreement DE-AC26-05NT42459. 

ES.3 Polymer Membranes for CO2 and H2S Removal 
RTI, in collaboration with MEDAL and The University of Texas (UT) at Austin, developed 

improved polymeric materials for a “reverse-selective” membrane separation process to remove bulk H2S 
and CO2, the so-called acid gases, from syngas at ambient temperature. A multitude of membrane 
polymer formulations were engineered with acid-gas-philic, polar functional groups to enhance the 
“reverse selectivity” (i.e., solubility selectivity) of the polymer materials for preferentially permeating 
acid and polar gas components (H2S, CO2, NH3, HCl and H2O) over the valuable syngas components (H2 
and CO). By separating gas molecules on the basis of their chemical properties rather than their size, 
reverse-selective membranes can remove and concentrate the acid gases from syngas into a low-pressure 
permeate stream, while the desirable, purified syngas product, namely H2 and CO, is maintained at high-
pressure (no recompression needed) as a non-permeate stream. By adjusting membrane process operating 
conditions (feed gas flow, feed and permeate pressures, etc.), the final cleaned syngas specifications could 
be easily varied to meet different bulk syngas conditioning requirements for power generation and 
chemical production. 
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Reverse-selective polymers with the most attractive acid-gas/syngas separation properties were 
found to have high concentrations of polar ether oxygens that are accessible to acid-gas molecules, thus 
enhancing acid-gas solubility in the polymer matrix. The polymers in this program exhibited CO2/H2 and 
H2S/H2 selectivities of 6-10 and 20-50, respectively, with the amorphous, cross-linked poly(ethylene 
oxide) [XL-PEO] developed by UT desirably combining the highest acid-gas/syngas selectivity (CO2/H2 ~ 
7-10; H2S/H2 ~ 50) and acid-gas permeability (CO2 ~360 barrers; H2S ~ 2,500 barrers) seen to date for 
solid non-facilitated transport membranes. Composite membrane structures and spiral-wound membrane 
modules from these composites were fabricated and produced from two selected candidate polymers, the 
XL-PEO and a poly(ether-b-amide) Pebax with more modest acid-gas separation properties. To determine 
membrane module separation performance and longer-term membrane structural and performance 
stability, a test skid for the membrane modules was designed and built, commissioned at Eastman’s 
gasification site, and operated for 500 h with real coal-derived syngas up to ~800-900 psig feed pressure. 
In module form, the Pebax membrane had much better separation performance than the XL-PEO 
membrane, indicating that the XL-PEO composite membrane and module forms need significant 
optimization to better retain the intrinsic (ideal) selective properties of XL-PEO. However, even some 
optimization of the Pebax module for a syngas application environment is desirable as it also did not 
perform up to its full intrinsic properties. In general, the membrane test skid showed fairly stable 
performance, with the two Pebax modules-in-series combination achieving an overall bulk H2S removal 
of up to 70-80%. On an individual basis, each Pebax module displayed very similar performance, able to 
remove up to 50-60% H2S. This research and development effort resulted in the publication of two 
scientific papers, one in Science [Vol. 311, 639 (2006)] on XL-PEO and the other in Macromolecules 
[Vol. 39, 7591 (2006)] on the anomalous transport properties of H2S, relative to CO2, in fluoropolymers. 

ES.4 High-Temperature CO2 Removal 
Capture of CO2 from high-temperature syngas is attractive because the thermal penalty due to 

cooling of the syngas is minimized, allowing for an IGCC process with significantly higher thermal 
efficiency. In this project, RTI worked to develop a durable , regenerable , high-temperature CO2 sorbent 
that selectively absorbs CO2 from syngas to very low levels and is able to desorb CO2 by a thermal, 
pressure, or concentration swing mechanism. Thermodynamic evaluation, synthesis, and screening of 
potential sorbent materials indicated that lithium orthosilicate (Li4SiO4) was the most promising 
candidate. The removal of CO2 by Li4SiO4 is based upon the reversible, exothermic reaction 

 ( ) 3232244 SiOLiCOLigCOSiOLi +→←+  

A series of Li4SiO4 sorbent formulations with high chemical reactivity and suitable physical properties for 
fixed-bed and fluidized-bed reactor applications were prepared by a number of synthesis techniques. An 
optimized fixed-bed Li4SiO4 sorbent formulation was successfully developed. While good progress was 
made to modify this fixed-bed sorbent to make it fluidizable, much optimization work remains before the 
sorbent possesses the proper combination of reactivity, fluidizability, and attrition resistance for fluidized-
bed applications. 
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The Li4SiO4 sorbent material was found to have excellent CO2 removal performance at elevated 
temperatures (500-700 °C), readily removing CO2 from various gas mixtures including dry, wet, clean, 
and raw coal-derived syngas mixtures. The sorbent exhibited a very good CO2 removal efficiency to 
weight ratio and was able to maintain a 90% CO2 removal efficiency with a CO2 capacity of up to 10.5 
wt%. The ability of the sorbent to produce a pure H2 product from coal-derived syngas was also 
demonstrated. Extended bench-scale reactor testing showed little to no degradation in CO2 capacity of the 
sorbent after 19 sorption/regeneration cycles. However, the outstanding CO2 sorption ability of the 
Li4SiO4 sorbent is coupled with significant regeneration challenges. Thermodynamics makes regeneration 
in the presence of CO2 difficult at lower temperatures. To overcome this thermodynamic limitation, 
regeneration temperatures as high as 900 ºC are required. With significant challenges with heat 
integration and materials of construction, an economical regenerable sorbent process using Li4SiO4 
sorbent was determined to be not viable. However, the Li4SiO4 sorbent may be attractive as a polishing 
bed material for CO2 removal in applications requiring very pure gas products. 

ES.5 HTDS Commercialization 
As part of the commercialization effort, a preliminary design and capital cost estimate were 

prepared for a 50-MWe (~2 MM scfh syngas, dry basis) demonstration plant. The design assumed a 
retrofit into an existing IGCC plant. Tampa Electric Company’s Polk Power Station was used as the basis 
for the design and estimate. The total installed cost was estimated to be $58 MM. The main objectives of 
the demonstration plant would be 

■ To confirm the key process design criteria (fluidization velocity, residence time, attrition rate, 
etc.) at a semi-commercial scale 

■ To demonstrate the ability to start up and maintain the regeneration reaction and quantify the 
amount of any supplemental heat input required 

■ To accumulate additional run time to increase confidence in the technology 

As part of a separate DOE project (DE-AC26-05FT42459), RTI commissioned a study to contrast and 
compare the HTDS and DSRP technologies with the conventional gas cleanup technologies (Selexol™ / 
Claus / SCOT) used in the current GE reference plant (Nexant Report ref1). As can be seen in Table ES-1, 
the HTDS/DSRP technologies are estimated to have a significant economic advantage over the 
conventional technologies. This study confirmed the previous work done by CVX in this project, showing 
a 2-3 percentage point increase in the overall IGCC thermal efficiency. 

The increased efficiency is primarily the result of the following 

■ The HTDS/DSRP design assumes the use of a convective syngas cooler on the gasifier exit 
syngas to raise high-pressure steam, which is then used to generate power in the steam 
turbine generator. This accounts for ~1% HHV improvement. Use of a convective syngas 
cooler could have been included in the base case but was not because it is not part of the GE 
reference plant. 

                                                      
1 http://www.netl.doe.gov/technologies/coalpower/gasification/pubs/systems_analyses.html 



 Executive Summary 

ES-12 

■ The DSRP reaction is exothermic and produces significant quantities of high-pressure steam, 
which is again used to generate power in the steam turbine generator. 

■ The HTDS technology reduces parasitic power requirements by ~8.1 MWe. In the reference 
plant, compressed N2 is used as a diluent in the combustion turbine for NOx control. The 
syngas fed to the combustion turbine from the HTDS technology has sufficient H2O content 
that N2 dilution is not required for NOx control, thus eliminating the N2 compression 
requirement. 

Recently, these Nexant system study results have been confirmed by Noblis. 

Table ES-1. Comparison of HTDS/DSRP and Conventional Technologies 

Item IGCC Base Case IGCC with HTDS & DSRP 
Improvement 

Units % 
Thermal Efficiency 
  %HHV 

 
37.6 

 
41.2 

 
3.6 

 
9.6% 

Net Power 
  MWe 

 
585.0 

 
640.9 

 
55.9 

 
9.6% 

Capital Cost 
  $ MM 

 
1,114.0 

 
1,051.1 

 
62.9 

 
5.6% 

$/kWe 1,904 1,640 264 13.9% 
Cost of Electricity 
  ¢/kW-hr 

 
7.16 

 
6.47 

 
0.69 

 
9.6% 

ES.6 Path Forward 
Over the course of this project, research and development efforts have remained focused on the 

project objective to develop a technology platform for cleaning/conditioning syngas at elevated 
temperatures and typical gasifier operating pressures. Through this effort, technologies in the warm 
syngas cleaning platform have advanced sufficiently that the technology package for power applications 
is ready. This technology package includes desulfurization, ammonia removal (for NOx control), and Hg 
and As control. The readiness of this technology package has been demonstrated by extensive testing of 
the technologies with real coal-derived syngas and multiple third-party system analysis. Based on actual 
results obtained with real coal-derived syngas, there is significant economic incentive for adaptation of 
this technology due to significantly increased thermal efficiency and reduction in capital and operating 
costs. 

Although this represents a major accomplishment, it is not the end of the story. Gasification 
technologies provide the opportunity to use carbonaceous fuels not only for electric power generation but 
also for the production of chemicals, transportation fuels, and hydrogen as demonstrated by Eastman. 
Research and development is underway at RTI to extend this technology platform to have a warm syngas 
cleaning/conditioning package for chemical production under an ongoing DOE Cooperative agreement 
DE-FC26-05NT42459. The DOE performance goals for specific contaminants for chemical applications 
are provided in Table ES-2. Most of the specifications shown in Table ES-2 have been demonstrated at 
least with simulated syngas in laboratory testing during this project. The goal of this new R&D program 
will be to optimize the integration of the different technologies in the gasification process to achieve the 
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maximum thermal efficiency, cleanup/conditioning performance, and cost benefits and demonstrate this 
technology package with real syngas. 

Progress to ensure commercial deployment of this warm 
syngas technology platform is also being made. RTI and Eastman 
recognize that actual commercial deployment of this warm syngas 
cleaning/conditioning platform will require an appropriate 
technology vendor. RTI and Eastman are currently in discussions 
with a number of companies with the intention of structuring 
licensing/divestiture arrangements. The objective is to secure 
commitment from a technology vendor to complete the final 
research necessary for commercial deployment of this technology 
platform, beginning with demonstration of the desulfurization 
technology at the 50-MWe scale. 

 

Table ES-2. DOE Performance 
Goals for Warm 
Syngas Cleanup1 

Contaminant Maximum 
H2S 50 ppbw 
NH3 10 ppm 
HCl 10 ppb 
Hg 5 ppbw 
As 5 ppb 
Se 0.2 ppm 
Cd 30 ppb 

1 Minimum pressure 600 psig; minimum 
temperature 400 °F. 



1. Introduction 

U.S. Department of Energy’s National Energy Technology Laboratory (NETL) has been 
supporting gasification R&D under the NETL's Gasification Technologies Program. Gasification is 
generally referred to as a process for the conversion of carbonaceous feedstocks such as coal, petroleum 
coke, biomass, etc., into synthesis gas (syngas) that can be used to produce clean electrical energy, 
transportation fuels, and chemicals efficiently and cost-effectively using domestic fuel resources. 

Development of novel gas cleaning and conditioning technologies is a key element in achieving 
near-zero emissions while meeting system performance and cost goals. To meet these goals, DOE/NETL 
is funding the development of a number of technologies, including advanced sorbents, reactor models, 
particulate filters, and other novel cleaning approaches that remove gas contaminants to extremely low 
levels. 

When raw synthesis gas (syngas) leaves the gasifier, the gas stream must be cleaned and 
conditioned to remove contaminants. Not only must these be removed due to environmental concerns, but 
also to protect downstream processes and equipments, such as gas turbines, catalysts, and fuel cells, from 
being adversely affected by coal contaminants. Immediately after leaving the gasifier, raw syngas is 
passed through heat exchangers and quench chambers to lower the temperature, then to a gas scrubber for 
further cooling and removal of solids such as slag. Many additional processes are used in combination to 
remove contaminants such as sulfur, ammonia, chlorides, mercury, and other heavy volatile metals (such 
as arsenic), and carbon dioxide. 

To reduce the costs of syngas cleaning and improve the overall thermal efficiency of a 
gasification system, the cleanup of contaminants must be more tightly integrated with gasifier and 
downstream processes (e.g., gas turbines, chemical production, etc.). This report provides a detailed 
description of the technology development efforts to meet this important DOE/NETL goal. 

The principal syngas contaminant is sulfur; however, other contaminants, such as NH3, HCN, 
HCl, and trace metals such as Hg, As, Se, Cd, etc. cannot be ignored. Furthermore, given increased 
emphasis on reducing the carbon-intensity of coal, cost- effective CO2 capture and sequestration must be 
addressed. This report presents the comprehensive effort undertaken by RTI and its project partners to 
develop the warm syngas cleanup technology platform. Various elements of this platform are shown in 
Figure  1-1. The development of this platform is being carried out on two somewhat parallel tracks — i.e., 
for power production (IGCC) and chemical production. The contaminants tolerances for chemical 
production are much more stringent than power production. This report was predominantly focused on 
developing a warm syngas cleaning package ready for power generation. 
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Figure  1-1. RTI’s syngas cleanup technology platform. 

Based on the various elements shown in Figure  1-1, this report is organized into the following 
eight chapters, with a number of appendices that contain additional data to support the conclusions. 

■ Chapter 1: Introduction 
■ Chapter 2: Field Testing of High Temperature Desulfurization Process 
■ Chapter 3: Field Testing of Direct Sulfur Recovery Process 
■ Chapter 4: Field Testing of Mercury and Arsenic Removal 
■ Chapter 5: Field Testing of Ammonia Removal 
■ Chapter 6: High-Temperature CO2 Removal 
■ Chapter 7: Development of Polymer Membrane System for CO2 and H2S Removal 
■ Chapter 8: Techno-economic Evaluation and Commercialization Assessment 

Chapter 2 describes the development of the high temperature desulfurization (HTDS) process 
technology based on the RTI-3 sorbent. Bench-scale and pilot-scale test results of RTI-3 which led to the 
design and construction of a full dual-loop transport reactor-based HTDS pilot plant are detailed. 
Installation and commissioning efforts for this HTDS pilot plat are described for two different gasification 
sites (ChevronTexaco and Eastman). Finally, Chapter 2 describes the successful testing of HTDS with 
coal-derived syngas for >3,000 hours, which represent one of most significant accomplishments at this 
project. 

Chapter 3 describes the R&D efforts to successfully complete integrated field testing of the 
HTDS and Direct Sulfur Recovery Process (DSRP) technologies. DSRP was developed by RTI to 
catalytically convert the sulfur in the regeneration off gas to elemental sulfur. One of the key benefits of 
DSRP is the simplicity and effectiveness of integration of HTDS and DSRP. This chapter describes the 
results from this integrated field test and the process development for small-scale processing of elemental 
sulfur necessary for this integrated field test. 

Chapter 4 provides documentation of a rapid-paced R&D program to develop fixed-bed sorbent 
technology for Hg and As removal for full and effective integration into the platform of warm syngas 
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cleaning technologies. Because existing information on this topic was very limited, extra effort was 
incorporated in this R&D program to build a firm and reliable knowledge base from which to develop this 
technology. Significant accomplishments described in this chapter include identification of several 
promising candidate sorbents for both Hg and As, and slipstream testing of several of these sorbents with 
coal-derived syngas at Eastman. 

Chapter 5 provides description of technologies investigated for removal of NH3 from syngas at 
high temperatures. Removal of ammonia was more challenging than expected and, as a result, a number 
of concepts were researched to come up with a viable process. A reversible adsorption process based on a 
highly acidic adsorbent emerged as the most promising technology. A pilot-plant process based on this 
adsorbent was designed, built, and tested with coal-derived syngas at Eastman. Results of this 
development are discussed in this chapter. 

Chapter 6 describes our efforts for developing sorbents for removal of CO2 from syngas at high 
temperatures. Lithium-silicate-based sorbents were developed and tested in this program. These sorbents 
did an excellent job of removing CO2 from syngas but offered significant technical challenges in coming 
up with cost-effective strategies for regeneration. 

Chapter 7 includes our R&D efforts on development of reverse selective membranes for removal 
of CO2 and H2S from syngas. Extensive lab-scale R&D was conducted by RTI and its partners to develop 
suitable polymer membrane materials for this application. These materials were transformed into 
modules. Three modules were tested with real syngas at Eastman. Results of this scale-up and testing 
efforts are described in Chapter 7. 

Chapter 8 includes technical/economic studies done on this technology by a number of 
organizations, including ChevronTexaco, Nexant, and Noblis. While the Nexant study was performed 
under DOE cooperative agreement DE-FC26-05NT42459 with RTI, and the Noblis study was funded 
outside this contract by NETL, all three studies used data collected under this contract in their analyses. 
These studies, incorporating operating conditions obtained from field testing with real syngas, confirmed 
that the platform of warm syngas cleaning technologies provides a significant improvement in thermal 
efficiency (2 to 4 percent points) and significant reduction in overall IGCC capital and operating costs 
(~10%). 

Additionally, one key patent (RTI-3), which led to the development of this technology platform, 
is enclosed in Appendix B. The technology also received the 2004 R&D 100 Award, as shown in 
Appendix A. Two key peer-reviewed publications describing the reverse-selective polymer membrane 
R&D completed on this project (one is Science, and other in Macromolecules) are also included 
(Appendix B). 

With the successful development of the technology, RTI and its commercialization partner, 
Eastman, are currently in the process of licensing this technology for commercial deployment in the 
IGCC market. 



2. Field Testing of High Temperature 
Desulfurization Process 

2.1 Introduction 
Advanced integrated coal gasification combined cycle (IGCC) power systems have received a 

great deal of attention over the past three decades (Gupta et al., 2001; Cicero et al., 1999; Jothimurugesan 
and Gangwal, 1999, 1998; Moorehead et al. 1996). In order for a gasifier to be integrated with a 
combustion turbine in an IGCC plant, the syngas must be cleaned of contaminants that could damage the 
turbine or would contribute to environmental emissions. Syngas contaminants that need to be removed 
prior to combustion in a gas turbine include particulates, sulfur gases, ammonia, hydrogen cyanide, 
hydrogen chloride, alkali, and heavy metals. Conventional gas cleaning is typically carried out by 
scrubbing the syngas using chemical or physical solvents that require cooling the gas to below 100ºF. 
However, the need to cool the gas to ambient temperature requires the use of a lot of additional equipment 
(heat exchangers, knockout pots, condensate handling system). In addition, cooling the gas, which must 
ultimately be reheated before being sent to the combustion turbine, introduces a thermal penalty into the 
overall system. 

In an effort to avoid this energy penalty and the cost of the extra equipment, substantial research 
and development has been supported by the Department of Energy (DOE) to find ways to clean the 
syngas at elevated temperatures (Cicero et al., 1999). From an evaluation of their gasification process, 
ChevronTexaco had identified a quench-type gasifier as an extremely cost-effective gasification 
technology for IGCC. The quench gasifier is very good at removing many of the contaminants. The 
quench system removes all of the particles from the syngas with very high efficiency. All the alkali 
compounds, non-volatile metals and the chlorides are also captured in the quench and scrubber water. 
Ammonia partitions between the water and the syngas; however ammonia concentrations in the resulting 
syngas are significantly reduced. The only other contaminants that remain are the sulfur gases (H2S and 
COS), some of the ammonia and trace volatile metals such as mercury and arsenic. 

By removing these remaining contaminants at, or slightly above, the saturation temperature of the 
quench before sending the syngas to the turbine achieves, the benefits syngas cleanup at elevated 
temperatures (cost reduction, efficiency improvement) could be achieved. The combined benefits of the 
low cost of the quench gasification technology and warm syngas cleaning could make IGCC very cost 
competitive with other power generation technologies. The challenge is the resulting syngas is in the 500 
to 600ºF depending on the gasifier operating temperature and this syngas contains approximately 60 vol% 
steam. 

For desulfurization, RTI had completed laboratory development of an attrition resistant 
regenerable ZnO-based sorbent, RTI-3, that was capable of reducing the total sulfur concentrations in the 

2-1 



 2. Field Testing of High Temperature Desulfurization Process 

simulated syngas with 60 vol% steam to <20 ppmv at 600ºF. To effectively utilize this sorbent, Kellogg 
Brown and Root (KBR) had patented a transport reactor system capable of continuous syngas 
desulfurization and simultaneous sorbent regeneration. In addition to the sorbent technology, RTI also 
developed a patented catalytic process called Direct Sulfur Recovery Process (DSRP) for conversion of 
the SO2 present in the regeneration tail gas into an elemental sulfur product allowing the net SOx 
production to meet regulated emission limits. The combined benefits of these technologies had the strong 
potential to achieve low cost desulfurization at elevated operating temperatures. 

Although both the sorbent and transport reactor technology are readily applied in commercial 
applications on a regular basis, the combined application of sorbent technology and transport reactor 
technology had not been applied beyond laboratory testing with simulated syngas mixtures for 
desulfurization. DSRP had been involved in several pilot plant field tests with real coal-derived syngas, 
but for limited operating period and using predominantly simulated regeneration tail gas. To overcome 
this limitation, ChevronTexaco, U.S. Department of Energy (DOE), RTI, KBR and Süd-Chemie, Inc. 
(SCI) formed a team to complete a field test of these desulfurization technologies. 

The primary objective of this project was demonstration of the commercial viability of warm 
syngas cleaning through increased thermal efficiency, improved environmental performance, and reduced 
capital and operating cost for IGCC applications. With this objective, a strong component of this project 
has been field testing of pilot plants and larger slip stream testing programs with real coal-derived syngas. 
Although these aspects of the project have remained steadfast over the entire course of this project, the 
R&D team has not. Between 2003 and 2004, both KBR and ChevronTexaco lost interest in continued 
development of this technology. ChevronTexaco sold their gasification business to General Electric (GE) 
and shut down their research facility in Montebello, CA. Similarly, KBR decided to shift their R&D 
investments to other technologies. Fortunately, Eastman Chemical Company (Eastman) found the warm 
syngas cleaning technologies of strategic interest to their business providing a field test site with access to 
coal-derived syngas from a commercial gasifier. 

2.2 Background 
The key to the warm gas desulfurization technology is the combination of transport reactor 

technology with a suitable sorbent. Campbell and Henningsen (1995) of KBR developed and patented a 
transport reactor system for desulfurization of process gases. The advantages this system offers for 
desulfurization of process gases include: 

■ High throughput of process gas with a small footprint and simple equipment 
■ Continuous desulfurization and regeneration operation 
■ Superior temperature control during the exothermic regeneration potentially allowing air 

regeneration 

This transport reactor system consists of two solids circulation loops--absorption and regeneration. In the 
absorber loop, the sorbent lean in sulfur contacts the syngas, adsorbs the sulfur from the rich syngas, and 
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is subsequently separated from the lean syngas in a cyclone. A portion of the sorbent used for absorption 
is withdrawn for regeneration in a second loop, while the predominant portion of the sorbent is recycled 
back (after stripping of entrained syngas) within the absorption loop via a standpipe for further loading. 
The portion of sorbent withdrawn for regeneration is contacted with air/oxygen to convert the adsorbed 
sulfur species to sulfur dioxide. The regenerated sorbent is returned to the absorption loop for continued 
operation. The process is schematically represented in Figure 2-1. 

The successful utilization of 
this transport reactor system also 
requires a sorbent with both suitable 
physical properties and chemical 
activity. RTI researchers have been 
working with regenerable metal oxide 
sorbents for over 20 years, 
specializing in zinc oxide-based 
sorbents for transport reactor 
applications (Gupta and Gangwal, 
1992 and Gupta, Turk and Verheilig, 
1997). Leveraging its technical 
expertise in sorbent materials and 
preparation, RTI has developed an 
attrition resistant fluidized-bed ZnO-
based regenerable sorbent, called RTI-
3, suitable for operation in a transport 
reactor at 500-600oF with a syngas 
containing 60 vol% steam. This desulfurization performance of this sorbent was obtained from extensive 
bench scale testing of this sorbent with simulated syngas mixtures. RTI has demonstrated the ability to 
reliably and reproducibly produce the RTI-3 sorbent with identical desulfurization performance in batches 
of 250 to 500 g. A description of the development effort for RTI-3 is provided in Appendix F. 

Rich Syngas

Lean Syngas SO2 rich gas

Oxygen

Absorber
Stripper

Regnerator

Rich Syngas

Lean Syngas SO2 rich gas

Oxygen

Absorber
Stripper

Regnerator

 
Figure 2-1. Schematic of high temperature 

desulfurization technology (Campbell and 
Henningsen, 1996). 

The reaction chemistry of this warm syngas desulfurization process begins the reaction  

 ZnO + H2S = ZnS +H2O. [1] 

However, an added benefit of using ZnO as an active material is it reacts with not only H2S, but also COS 
according to the reaction 

 ZnO + COS = ZnS + CO2.  [2] 

Because of these reactions, a warm desulfurization process using a ZnO-based sorbent will remove both 
H2S and COS in a single reactor. Conventional chemical and physical solvent-based process typically 
require a COS hydrolysis unit to convert the COS to H2S to achieve effective removal of the COS. 
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Another important feature to recognize about reactions [1] and [2] is they are equilibrium limited. This 
equilibrium limitation means that the lowest effluent H2S and COS concentrations are effectively set by 
steam and CO2 concentration of the syngas. Therefore, the ability of RTI-3 to effectively achieve low 
effluent sulfur concentrations in simulated syngas mixtures with up to 60 vol% steam indicates that the 
sorbent is extremely active and appropriately suited for the short residence times of the transport reactor. 

Regeneration of the sorbent requires an oxygen-containing gas mixture to perform the reaction 

 ZnS + (3/2) O2 = ZnO + SO2 [3] 

Like most oxidation reactions, this reaction proceeds almost exclusively to the oxidized product with 
evolution of significant amount of heat. The optimal temperature for this reaction is 1200 to 1350ºF. At 
temperatures below this range a secondary reaction,  

 ZnO+ SO2 + (1/2) O2 = ZnSO4, [4] 

can occur that results in the formation of zinc sulfate and effectively deactivates the active ZnO material.  

With these technologies pieces, the goal was to complete advancement of these technologies to 
permit field testing of the pilot plant warm syngas desulfurization technology with actual coal-derived 
syngas. A schematic of this field test program is provided in Figure 2-2. 

The specific items that would be required to complete this field testing program would be  

■ Scale up of sorbent production 
■ Design and construction of a dual loop transport reactor system based on KBR’s single loop 

transport reactor testing unit (TRTU) 
■ Design and construction of a caustic scrubber  
■ Installation and commissioning of this system at field test site 
■ Operation of this System.  

The description of the completion of these activities is described in subsequent sections. 
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Figure 2-2. Block flow diagram showing HTDS, DSRP, and scrubber. 

2.3 RTI-3 Sorbent Development and Scale-Up 

Based on RTI’s sorbent preparation equipment, standard production batches were between 250 
and 500g. In preparation to supply an adequate supply of RTI-3 sorbent for transport reactor testing in 
KBR’s TRTU to establish design specifications for the dual loop transport reactor system and ultimately 
field testing operations, sorbent scale up efforts were initiated with Süd Chemie, Inc. (SCI). 

The primary areas of concern during this scale up effort were the differences between commercial 
equipment and laboratory equipment and the level of control and monitoring possible for small-scale 
production. To address these issues, four 100 lb batches of the sorbent were prepared. The first three 
batches were used for parametric testing to optimize the commercial scale sorbent production process. 
The final batch was a duplicate batch of the best sorbent from the first three batches. The optimal sorbent 
batch was also tested in KBR’s TRTU. 

Multiple cycle tests were performed with each of these sorbent batches using RTI's high-
temperature high pressure reactor system. The reactor system and test procedure has been described 
previously (Gangwal et al., 2002). The total number of cycles in these tests varied from 5 to 10. 

2-5 



 2. Field Testing of High Temperature Desulfurization Process 

The effluent H2S and COS concentrations from the fourth cycle of each of these tests are 
presented in Figure 2-3 and 2-4. Figures 2-3 and 2-4 demonstrate that all the sorbent batches have 
sufficient chemical activity to reduce the effluent concentrations of H2S and COS to below 5 ppmv. The 
sulfur capacity for these sorbents ranges between 7 and 11 wt%. The explanation for the distinct 
difference between the results for Batches 1 and 2 and 3 and 4 was not related to the parametric testing 
parameters and is not known at this time. 

The sulfided sorbent was regenerated using up to 10 volume percent O2 in N2 at 300 psig. At 
these high O2 partial pressures, a small amount of O2 slip was observed at the start of regenerations that 
were begun at <1200ºF. However for regenerations that began at temperatures above 1200ºF, no O2 slip 
was observed. The sorbents were efficiently regenerated as seen by multicycle H2S and COS data. 
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Figure 2-3. Effluent H2S concentration for the different sorbent batches 

during multicycle testing. 
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Figure 2-4. Effluent COS concentrations for different batches during 

multicycle testing. 

The physical characterization of these sorbent 
batches and sorbent produced in RTI’s small 
production facilities are provided in Table 2-1. Except 
for Batch 3, the density is essentially the same for the 
sample produced in RTI’s facilities and those produced 
by SCI in larger commercial equipment. The attrition 
index (AI) of the samples shows that, except Batch 3, 
the AI is lower for the samples produced by SCI in 
commercial equipment. As lower numbers indicated 
more attrition resistance and the typical AI for FCC catalysts is 0.5 to 1.0, the sorbents prepared by SCI in 
commercial equipment have attrition resistance equal to or better than FCC catalysts.  

Table 2-1. Selected Physical Properties 
of Different Sorbent Batches 

Sorbent 

Compact Bulk 
Density (CBD) 

(g/ml) 
Attrition 

Index (AI) 
RTI-3 (Small) 1.6 1.48 
Batch 1 1.61 0.85 
Batch 2 1.69 0.99 
Batch 3 1.26 1.83 
Batch 4 1.70 0.30 

Although the chemical activity of Batch 3 did not show any difference from the other sorbent 
batches, the physical properties of the sorbent were very different. The increase in AI was undesirable as 
this would increase attrition losses making the sorbent less suitable for transport reactor applications. 
However, these sorbent batches were part of a parametric test designed to help establish appropriate scale 
up conditions for commercial production. The results from Batch 3 were used to aide in establishing 
tolerance limits for the commercial production process of RTI-3. 

The optimal production process identified during parametric testing with preparation of the four 
100-lb samples was used in subsequent production of 600- and 2,000-lb sorbent batches. The properties 
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of these larger batches of sorbent were essentially identical to the 100-lb batch. This is shown in Figure 
2-5 for the desulfurization performance. 
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Figure 2-5. Effluent sulfur concentrations for the field production batch. 

For preparation of these various sorbent batches, SCI used industrial size equipment including a 
24-ft. diameter commercial spray dryer to prepare these samples. With the preparation of the 2,000-lb 
batch, SCI indicated that they would be able to commercially produce the RTI-3 sorbent. SCI was able to 
demonstrate this with the production of an 8,000 lb batch of RTI-3 for testing in DOE’s GPDU. SCI 
produced this material under the product name T-2497. Preparation Material from the 600 lb was used for 
testing in KBR’s TRTU. 

The actual use of these larger batches of RTI-3 sorbent include 

■ Performance testing in KBR’s TRTU to assist in the design of the full dual loop pilot plant 
system with the 600 lb batch 

■ Actual field testing at ChevronTexaco’s Montebello Technology Development Center their 3 
ton/day research gasifier with the 2,000 lb batch 

■ Actual field testing for over 3,000 hours with a slipstream from Eastman’s Kingsport, TN 
gasification facility with material from the 8,000 lb batch  

Recently, the RTI-3 sorbent was selected for an R&D 100 Award in 2004 by the prestigious R&D 
Magazine (See Appendix A for R&D 100 Award information). 

2.3.1 Testing in KBR’s TRTU  

The testing of the efficacy of the sorbent in a transport reactor was evaluated in the TRTU at the 
KBR Technology Center. A detailed description of the TRTU is given elsewhere by Henningsen, Katta 
and Mathur (1997) and summarized here. 

The reactor section consists of a mixing zone (10’ and 1.5” SCH 160), a riser (32’ and 1” SCH 
160), a high-efficiency cyclone, and a standpipe (33’ and 1.5”SCH 160). 

The pilot plant has a single circulation loop which is operated at different conditions to simulate 
the absorption–regeneration cycles as shown in Figure 2-6. The performance of the absorption cycles 
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were evaluated at 600 to 900ºF and the regeneration cycles were evaluated at 1100 and 1400ºF. Testing 
was conducted at a system pressure of 150 psia, which represents the design limit for the TRTU at KBR. 

During absorption, the outlet H2S and COS concentrations were measured every five (5) minutes 
with a Varian 3300 gas chromatograph that employs a flame photometric detector. Sulfur dioxide (SO2) 
concentration during regeneration was continuously monitored using a Bovar 721-M photometric 
analyzer. The regeneration outlet gas was also monitored for oxygen (O2) concentration to determine if 
breakthrough occurred by means of a Teledyne model 316-RA analyzer. As mentioned above, the sorbent 
used for this testing came from the 600 lb batch of RTI-3 material produced by SCI. 

2.3.2 TRTU Testing Results 

The particle size distribution of the sorbent before and after circulation is presented in Table 2-2.  

The Davison attrition index of the sorbent before 
and after circulation was nine (9). For comparison, the 
Davison Attrition index for a commercial fresh FCC 
sorbent is about 10. Therefore, these results indicate that the 
sorbent is mechanically robust and the chemical 
transformations during the absorption and regeneration do 
not affect the mechanical strength and integrity of the 
sorbent particles. Although an estimate of sorbent attrition 
loss could possibly be calculated from these results, the task of obtaining a more reliable estimate of 
sorbent attrition was incorporated into the extended testing program with real coal-derived syngas. 

Table 2-2. Particle Size Distribution 
for TRTU Testing 

 Fresh 
sorbent 

Spent 
sorbent 

< 10 micron 0 2.03 % 
< 20 micron 0 3.23 % 
< 40 micron 5% 6.11 % 
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Stand Pipe 

Mixing Zone

Riser

 
Figure 2-6. TRTU pilot plant at KBR Technology Center. 

 

The sorbent is also readily fluidizable, and hence well suited for the transport reactor. The 
fluidization curve determined using a cold flow unit for the sorbent at ambient conditions is given in 
Figure 2-7. 
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Figure 2-7. Fluidization curve for RTI-3 sorbent, measured at ambient 

conditions. 

Table 2-3. Simulated Syngas 
Composition for 
TRTU Testing 

Component 
Concentration, 

vol. % 
Steam 55.2 
Carbon Monoxide 19.3 
Carbon Dioxide 5.1 
Hydrogen 14.6 
Nitrogen 5.1 
Hydrogen Sulfide 0.7 
Carbonyl Sulfide 0.035 

The simulated syngas used for the pilot plant testing of 
the RTI-3 sorbent in the transport absorber is provided in Table 
2-3. 

Several experiments were conducted to evaluate the 
sorbent operability range. A typical absorption curve is 
presented in Figure 2-8. It should be recognized that there was 
no sorbent regeneration during this trial and hence there was a 
limitation on the amount of sulfur that could be absorbed. 

As demonstrated in this trial, the H2S in the treated gas 
is negligible for a predominant portion of the time. The target maximum level of H2S in the treated syngas 
was 20 ppmv. Subsequent tests at higher temperatures demonstrated that the sorbent was effective up to 
about 900 °F. 

The next important aspect of the process is the regeneration of the sorbent by oxidizing the sulfur 
to sulfur dioxide at elevated temperatures. The efficiency of the regeneration is demonstrated below in 
Figure 2-9. 

It is important to note that it is not essential for the sorbent to be ‘completely’ regenerated. The 
sorbent can be operated in a delta-sulfur mode, in which a part of the sulfur is oxidized and returned for 
the next absorption cycle. In the above experimental cycle, the delta sulfur was 4.5% (i.e., the difference 
between the sulfur in sorbent absorption cycle and that in the regeneration cycle). 
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Figure 2-8. Performance of RTI-3 sorbent for H2S capture; 600–770 °F at 

150 psia. 
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Figure 2-9. Regeneration of RTI-3 sorbent by oxidation at 150 psig and 

1,100–1,300 °F. 
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This TRTU testing demonstrates: 

■ Physical properties of RTI-3 are suitable for transport reactor operations 
■ Chemical activity of RTI-3 is 

− Adequate to reduce sulfur in simulated syngas from ChevronTexaco’s quench gasifier to 
less than 20 ppmv successfully. 

− Suitable for delta-sulfur regeneration mode with a difference in the sorbent sulfur level 
between absorption and regeneration of 4.5% 

■ A combined process with sorbent and transport reactor system will work for warm syngas 
desulfurization. 

The experimental data also established the design basis for the High Temperature Desulfurization 
(HTDS) pilot plant which would have both an adsorption loop for continuous desulfurization of the 
syngas and a regeneration loop for continuous sorbent regeneration. This basis includes the heat duties for 
heat exchanger sizing, heat integration options, and target sulfur removal for each pass during 
regeneration. 

2.4 Key Field Tests Systems at ChevronTexaco’s 
Montebello Technology Development Center 

2.4.1 ChevronTexaco’s Research Gasifier Unit (RGU) 

The RGU was a 3-ton per day gasification pilot unit at ChevronTexaco's Montebello Technology 
Development Center in South El Monte, California. It consisted of a quench-type gasifier along with feed 
systems for coal-water slurry, oil and fuel gas as well as systems for slag handling, soot handling, syngas 
cooling and cleaning and quench water cleaning and recycling. Oxygen (>99% purity) was available at 
high pressure from large cylinders supplied from a cryogenic oxygen storage system. The unit was highly 
instrumented so that complete material and energy balances around the gasifier could be made. It was also 
built in such a way that test skids could be connected to the RGU so that additional experiments could be 
performed, such as the demonstration of warm gas cleanup. 

When operated as a coal 
gasifier, coal-water slurry was 
prepared in a wet grinding mill and 
then stored in large holding tanks. 
Typical analysis of the coal gasified 
for this project is shown in Table 2-4. 
A high-pressure positive displacement 
pump pumped the slurry into a feed 
injection nozzle where the slurry was 
properly atomized and thoroughly 
mixed with the oxygen. The slurry and oxygen reacted at high temperature (>2,200 °F) in the refractory-
lined reaction chamber to form syngas. Any ash material in the coal feed melted and formed a layer of 

Table 2-4. Typical Coal Analysis of Consol Coal Used 
for the Warm Gas Cleanup Pilot Unit Tests 

Parameter Value 
Ultimate Analysis (wt%, Dry Basis)  

Carbon 75 - 77 
Hydrogen 5 – 6 
Nitrogen 1 – 1.5 
Sulfur 3 – 4 
Ash 7 – 8 
Mercury, ppb 105 – 115

Gross Heating value, BTU/lb 13700 - 13800
Ash Fusion Temperature (ºF) 2240 – 2263
Coal Source: Consol Energy’s McElroy Mine (Moundsville, WV) – Pittsburgh 

No. 8 Seam 
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molten slag which ran down the refractory wall towards an exit at the bottom of the reaction chamber. 
The slag was entrained by the syngas as it exited the reaction chamber and flowed down into the quench 
chamber. In the quench chamber, the slag is disengaged from the syngas, is rapidly solidified, and is 
broken into small, glassy particles that sink to the bottom of the quench water pool. From there, the slag is 
periodically removed via an automated lock hopper system. The syngas rapidly cools by direct contact 
with the quench water and, in the process, becomes saturated with steam. Thus, syngas exiting the quench 
chamber could contain more than 60 vol% water. The temperature of the quench chamber is the saturation 
temperature for the syngas, which depends upon the operating pressure of the gasifier. When the gasifier 
is operated at pressures of 800 to 1200 psig, the quench temperature is on the order of 450 to 500 °F. 

The warm, wet syngas exiting the quench chamber was sent to a water scrubber that removed any 
fine particles (ash or unconverted carbon) that might have been entrained by the exiting syngas. After the 
scrubber, the syngas was normally cooled and dewatered in a knockout pot before being sent to the 
ambient temperature sulfur removal unit (Sulfa Treat®). This utility unit was required by Montebello's 
operating permit. But for this project, slipstreams were removed at the exit of the scrubber for the warm 
gas cleanup test modules. 

2.4.2 High Temperature Desulfurization (HTDS) Unit 

The HTDS unit consists of two coupled transport reactors, namely a sulfur absorber and a sorbent 
regenerator. The system was designed by KBR in consultation with RTI. A simplified schematic of the 
HTDS unit is shown in Figure 2-10. The HTDS has a footprint of 16 ft. × 16 ft. and is 80 ft. high. It was 
built in two 40 ft. sections. After KBR completed fabrication and equipment installation for the two 
HTDS sections, these sections were moved to CVX's MTDC in South El Monte, California. At this site, 
the two structural sections of the HTDS were assembled and the HTDS was erected into its final vertical 
position. All remaining connections and electrical tie-ins were completed to finalize the construction and 
assembly of the system. 

2.4.3 Caustic Scrubber 

As shown in Figure 2-2, the regeneration off gas containing SO2 in N2 was either directly sent to 
the caustic scrubber or first sent to the DSRP system and then to the caustic scrubber. The caustic 
scrubber was a commercial skid mounted unit provided by Ceilcote Pollution Control System. The caustic 
scrubber consisted of a co-current venturi scrubber and a counter-current packed tower. It operated at 
ambient temperature and slightly above ambient pressure. The SO2 was removed using a basic solution 
with pH of 6 to 9. The reaction was as follows: 

 SO2 +2NaOH → Na2SO3 + H2O  [5] 
 

The Na2SO3 dissolved in the scrubber water and was removed with the blowdown. The caustic 
scrubber was been warranted by the vendor to remove 99.9% or more SO2 from up to 4 vol% SO2 at 
5,000 scfh. 
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Figure 2-10. HTDS schematic as installed at ChevronTexaco’s Montebello Technology Center. 
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2.4.4 HTDS Commissioning at CVX’s MTDC Center 

Actual testing of the system began with loading approximately 250 lbs of RTI-3 into the HTDS. 
This was roughly the required volume of sorbent estimated based on the volume of the reactor system. 
Attempts to establish a stable circulation pattern were not successful at pressures from 400 to 800 psig. 
Additional cold-flow testing by KBR showed that this material could readily be fluidized and transported. 
The superficial velocity necessary for sorbent transport was on the same order of magnitude as 
established in the Transport Reactor Test Unit (TRTU) at KBR's Technology Center in Houston, TX 
(Silverman, 2003). However, the gas flow necessary to fluidize the material was very low and 
significantly less than that incorporated into the design of the aeration in the standpipes. The combination 
of the very small cross-sectional area of the standpipes in this pilot plant unit, the high aeration 
incorporated into the design to keep the differential taps clear, and gas slip past the slide valves resulted in 
large volumes of gas rising in the standpipes. It is believed that the bubbles in the standpipe were large 
enough to span from one side of the tube to the other. These large bubbles would inhibit the desired 
downward flow of solids in the standpipe and might result in slugs of solid being carried back up the 
standpipe into the cyclone. 

Although the slide valves were adjusted and the flow through the differential pressure taps 
reduced, a stable solids circulation pattern could not be established. Because the problem was believed to 
be caused by excess gas flow into the standpipes, design modifications to each of the standpipes were 
made to reduce this problem. The first modification was to move the point of introduction of process or 
transport gas from beneath the slide valve to beneath the mixing zone. This ensured that each slide valve 
would have a J-valve of solids acting as an additional seal to keep process gas from flowing up the 
standpipes. In order to ensure proper fluidization and flow of the solids through the standpipe and J-valve, 
the aeration taps in the standpipe below the slide valve were reconfigured. One of the aeration points in 
this leg was lowered and introduced at the very bottom of the standpipe and the lowest point on the J-
valve. A second aeration point was introduced 3 to 5 inches past the bend in the J-valve through a narrow-
diameter tube inserted into the process piping. Finally, several of the differential pressure taps in both the 
absorber and regenerator standpipe were capped off. A schematic of the HTDS with these new 
modifications is shown in Figure 2-11. 

As preparation for these modifications were being implemented in late February 2004, 
ChevronTexaco announced its intention to close the Montebello Technology Center. ChevronTexaco’s 
decision set into motion a very fast-paced schedule for implementing these HTDS modifications, 
establishing a stable solids circulation pattern and completing a 500-hour test with actual synthesis gas 
produced from coal gasification in CVX's RGU. The HTDS modifications were completed by the end of 
the third week of March 2004. Solid circulation testing and a limited amount of testing with actual syngas 
from the research gasifier were completed in the last week of March 2004. 
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Figure 2-11. HTDS schematic following field modification. 
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2.4.5 Solid Circulation Results 

After completing the modifications described previously, RTI-3 sorbent was loaded into the 
HTDS. Multiple additions were necessary to fill the unit until the level of solids was approximately 10 ft 
into the 4-inch section of the absorber standpipe. After loading the sorbent, solids circulation was started 
by increasing the process flow gas. Solids circulation 
was established at operating pressures of 200, 400, 500, 
and 600 psig. The solids density in the absorber mixing 
zone and riser are shown in Figure 2-12 with solid 
circulation at 600 psig. Table 2-5 shows that solid 
densities shown in Figure 2-12 are only slightly smaller 
than those observed in KBR's TRTU and used for the 
design of the HTDS. 
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Figure 2-12. Solid densities in absorber mixing zone and riser. 

Based on KBR's TRTU testing, the required superficial velocity in the mixing zone was 
anticipated to be in the range of 4 to 6 ft/s. KBR's TRTU testing was conducted at about 130 psig. During 
the testing at ChevronTexaco, the superficial velocity necessary in the mixing zone was found to decrease 
with pressure as seen in Figure 2-13. This trend suggests that at even higher operating pressures, the 
required superficial velocity will be lower, but additional testing will be necessary to confirm this theory. 

Another positive benefit from the design modifications was that solids circulation could be easily 
started and stopped by adjusting the flow of process gas to the mixing zone. Upon reducing the process 
gas flow, there would not be sufficient gas velocity to transport the solids through the mixing zone and 
riser and the solids would accumulate in the mixing zone and standpipe in a "slumped" bed state. When 
the process gas flow was increased, the solids circulation was easily restarted.  

Table 2-5. Comparison of Solids 
Densities for CVX and TRTU 
Testing 

Section 

Solid density (lbf/ft3) 

CVX test 
TRTU test 

(Design basis) 
Mixing zone 12-18 20 
Riser 2-4 4 
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Figure 2-13. Effect of pressure on required velocity in mixing zone. 

Although the solids circulation patterns observed were very stable and easy to maintain, there was 
one problem with this pattern. Based on the system design, the gas and solid mixture was expected to rise 
up through the riser where the gas and solids would be separated in a cyclone. The gas would leave for 
additional processing. The solids drop out of the bottom of the cyclone into the standpipe. Because of the 
limited aeration of the standpipe, the solids accumulate as a dense phase, which was slowly transferred 
back to a riser. This solids circulation pattern was expected in both the HTDS's absorber and regenerator. 
However, this pattern was only observed in the absorber. In the regenerator, the solids did not accumulate 
in the standpipe as a dense phase, but continued through the standpipe as a dilute phase mixture. 

The two possible causes of this flow pattern were that the gas was not being separated from the 
solids due to an obstruction in the outlet or there was not sufficient restriction in the standpipe and J-valve 
to force accumulation of the solids. Based on the number of cross-sectional area decreases in the 
regeneration standpipe and J-valve, there should be more than enough restriction to force the solids to 
accumulate. 

2.4.6 Desulfurization Results  

The actual period for operation with coal-derived synthesis gas from ChevronTexaco's RGU and 
the HTDS was rather limited. During the switch from nitrogen to synthesis gas, steam in the synthesis gas 
condensed in the cool process line and pooled in the differential pressure taps of the gas orifice resulting 
in the inability to measure syngas flow. This was a consequence of the taps being installed on the bottom 
of the orifice and cooling of the syngas line with nitrogen during startup operation prior to switching to 
syngas. In addition to these problems, the delivery pressure of the synthesis gas from the RGU fluctuated 
significantly as seen in Figure 2-14. These pressure fluctuations eventually shutdown the HTDS when the 
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synthesis gas delivery pressure dropped below the system operating pressure multiple times in a very 
short period. This allowed solids to flow back into the process gas lines and plug the system. 
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Figure 2-14. HTDS inlet and outlet pressure. 

However, the RTI-3 sorbent in the HTDS system was exposed to synthesis gas for a period of 
approximately 90 min prior to the system plugging. From Figure 2-14, the operating pressure was roughly 
600 psig and the temperature in the absorber riser was approximately 650ºF. The H2S and COS effluent 
concentrations (dry basis) determined by means of a continuous photometric analyzer and a gas 
chromatograph equipped with a flame photometric detector for this period are shown in Figure 2-15 and 
2-16, respectively. The detection limits for the GC analysis was approximately 1 ppmv for both the H2S 
and COS. Based on CVX's analysis of the raw synthesis gas, the concentration of H2S was 8,000 ppmv 
(dry basis) and 200 ppmv (dry basis) for COS. Therefore, the RTI-3 sorbent was able to reduce an inlet 
sulfur concentration of about 4,100 ppmv (wet basis) down to < 1 ppmv for the period when syngas was 
delivered to the HTDS unit (90 minutes). 

Because of the operational problems associated with the large fluctuations in the synthesis gas 
delivery pressure that could not be reduced in the small amount of remaining time, additional testing of 
the HTDS with synthesis gas was suspended. During shutdown of the HTDS system, sample of the 
sulfided RTI-3 sorbent was collected. Using a thermogravimetric analyzer (TGA), a sample of this 
sorbent was initially regenerated in 2 vol% O2 in N2 at 650ºC. Following this regeneration, this sample 
was exposed to a 2.5 cycle desulfurization test. The results, shown in Figure 2-17, show that the sorbent 
could be regenerated and still had a sulfur capacity of about 8 wt%. Results from characterization tests for 
the fresh material and spent sorbent samples (ChevronTexaco and TRTU tests) are provided in Table 2-6. 
One factor that must be considered in comparing these results is that the fresh sample and TRTU spent 
samples were not sulfided. The ChevronTexaco spent sample was partially sulfided. Because of this, the 
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surface area of the ChevronTexaco spent sorbent sample would be expected to be lower and the bulk 
density higher. 
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Figure 2-15. Sulfur compounds in clean gas as measured by a 

continuous photometric analyzer. 
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Figure 2-16. Sulfur compounds in clean gas as measured by a GC/FPD. 

The particle size distribution for 
a fresh sample and the sample collected 
from the HTDS are shown in Figure 
2-18 and Figure 2-19, respectively. 
These figures show that the size 
distribution for the spent material has 
become narrower, but the average 

Table 2-6. Spent Sorbent Characterization Results 

Property 

Sorbent Sample 

Fresh 
CVX 

spent 
TRTU 
spent 

BET surface area (m2/g) 41.9 25.0  
Bulk density (g/ml) 1.90 2.03  
Attrition ratio1 0.85 1.02 0.9 
1 Relative ratio of the attrition loss for measured material compared to 

ECAT (equilibrium FCC catalyst) as determined by the Davison method. 
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particle size remains roughly the same. The narrowing of the particle size range is a natural consequence 
of fines removal by the filters in the HTDS. A majority of these fines were generated during the initial 
production of the sorbent and are not typically removed by catalyst manufacturers. 

These results strongly suggest that RTI-3 sorbent can remove over 99.9% of the inlet sulfur in a 
synthesis gas generated by coal. Additional laboratory testing of this sorbent demonstrated that the trace 
components in the synthesis gas had not damaged or deactivated the sorbent. The particle size analysis 
and attrition measurements indicate that this material should be sufficiently strong to last through 
numerous absorption and regeneration cycles in a transport reactor system. 
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Figure 2-17. TGA test of sorbent sample collected from HTDS. 
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Figure 2-18. Particle size distribution of fresh RTI-3. 
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Figure 2-19. Particle size distribution of sorbent sample collected from HTDS. 

2.5 HTDS Unit Installation and Modifications at Eastman 
With ChevronTexaco’s announcement to close its research facility and terminate its participation 

in the field test program, efforts to secure access to a new field test site were initiated while the field 
testing at CVX was being completed. During this time, Eastman Chemicals Company (Eastman) was 
contacted about being a potential field test site for this project. After evaluation of the project and visiting 
during the field testing at CVX, arrangements were made for Eastman to support the field testing. In 
support of this transition, all field test units installed at CVX were removed and reinstalled at Eastman’s 
Chemicals from Coal facility in Kingsport, TN. 

Eastman Chemical Company's Chemicals from Coal facility uses a GE Energy’s (previously 
ChevronTexaco) quench gasifier to convert approximately 1,250 tons/day of high-sulfur, Appalachian, 
bituminous coal to produce methanol and acetyl chemicals, which are a major source of raw materials for 
the Kingsport, TN, manufacturing site. The HTDS pilot plant was installed beside Eastman's commercial 
coal gasification facility so that a slip stream of coal-based syngas could be used for the testing. The 
available supply point was in the headspace of a knockout pot in the low temperature cooling train. Table 
2-7 provides a summary of the syngas properties.  Table 2-7. Typical Syngas Supplied 

to the HTDS Pilot Plant 
Parameter Value 

Temperature ~175 °C (~350 °F) 
Pressure ~ 975 psig 
Water 12 to 15 mole % 
H2S 0.5 to 1.5 mole % 
COS 75 to 150 ppmv 

The syngas supply line to the HTDS was equipped 
with electric heat tracing set at 400 °F to prevent 
condensation, but received no further treatment prior to 
entry into the HTDS pilot plant. 

In addition to syngas, the HTDS pilot plant was 
supplied with instrument air, 100 and 1,200 psig N2, cooling water, and electrical power. The 1,200-psig 
N2 was supplied from a system leased from Air Products as sufficiently high-pressure N2 was not 
available in the Eastman Gasification department. Additional information on the field test program 
conducted at Eastman is provided in Appendix E. 
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2.5.1 Initial Modifications 

Off-Gas Filters. The original design of the HTDS included a ceramic filter element inside both 
of the cyclones (L-230 and L-330) to remove solids from the exit gases. Commissioning efforts at the 
ChevronTexaco’s Montebello Research Center in Montebello, CA demonstrated that these filters would 
quickly blind with sorbent fines. Back-pulsing the filters with N2 did not effectively clean the filters. 
Back-pulsing the filters was assumed to effectively drive the fines off the filter, but in the combined 
cyclone/filter design, any fines driven off the filter almost instantaneously ended up back on the filter. To 
correct this problem, the ceramic filters were removed and external filters were added when the HTDS 
was relocated to Eastman's facility. Lockhoppers were also added to each filter to allow the fines to be 
discharged from the system without interrupting the reactor operation. Each filter consisted of four (4) 
sintered metal "candles" housed in a stainless steel pressure vessel. High pressure nitrogen was used to 
back pulse the filter elements to dislodge the filter cake. The back pulse was initiated either manually or 
upon an increase in pressure drop above a set point. 

Off-Gas Coolers. The absorber off gas system was equipped with an air-cooled heat exchanger 
(B-130) to cool the desulfurized syngas to about 100°F prior to entering the carbon steel waste gas 
header. The regenerator off gas system was also equipped with a cooler (B-110) between the cyclone (L-
330) discharge and the off-gas filter (L-335) designed to reduce the ROG temperature to less than 
1,000°F, which was the maximum allowable working temperature (MAWT) of the L-335 filter. 

Removal of Slide Valves. The original design also included slide valves in each of the three 
standpipes. These valves were intended to help control the flow of sorbent from the standpipe into the 
respective reaction zone. During operation at Montebello, these valves were shown to be ineffective in 
controlling solids flow, thus they removed and replaced with short pipe sections. 

Oxygen Supply. The original design called for metering high-purity oxygen through a stainless 
steel Brooks mass flow controller (MFC) that had been cleaned for oxygen service. Review of this design 
revealed that the velocities achieved in the MFC were higher than recommended per the CGA standard 
for oxygen. After discussions with Air Products (Eastman’s O2 supplier) and Brooks, Eastman decided 
that it would not be safe to feed high purity O2 through the stainless steel MFC. After considering 
replacing the stainless steel MFC with flow controls better suited for O2 service, Eastman decided to use 
the existing Brooks MFC and supply O2 as compressed air from trailers. Initially the O2 concentration in 
the trailers was enriched to 30% to allow more operational flexibility. The air stream is mixed with N2 
prior to feeding to the regenerator reaction zone and since the final composition of regeneration inlet gas 
was always less than 10% O2, the decision was made to use normal compressed air (no longer enriched). 
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Ground Fault Equipment Protection. 
During commissioning at Eastman, one of the 
resistance heaters stopped heating and 
investigation revealed that an electrical short had 
developed between the heater element and the 
process pipe. The resulting arc had melted away a 
significant amount of the pipe wall as shown in 
Figure 2-20. Further investigation revealed that 
none of the heater circuits were equipped with 
ground fault equipment protection (GFEP) devices 
as required by the National Electrical Code©. Thus, 
GFEP devices were added to the heater circuits 
before commissioning activities continued. 

2.5.2 Initial Desulfurization 
Results 

Table 2-8 summarizes the HTDS syngas 
operations conducted at Eastman Chemical 
Company between Nov-2004 and Jan-2005. These 
data represent the average values over the duration 
of each experiment. In general, the RTI-3 sorbent 
removed greater than 99.72% of the sulfur from 
coal-derived syngas and produced a clean syngas 
containing 0.5 to 24.0 ppmv total sulfur. 

While the sulfur removal was excellent at 
>99.7%, the sorbent regeneration rate was slower than had been observed in previous work performed by 
RTI and KBR. The slow regeneration rate resulted in an accumulation of sulfur within the system 
(absorption rate > regeneration rate), which resulted in the sorbent becoming saturated with sulfur in less 
than 24 hour and prevented achieving steady state operation of the HTDS. The longest run (Experiment 5) 
lasted 23.5 hours and occurred relatively early in the syngas operations. Figure 2-21 shows the sulfur 
absorption and regeneration rates, sulfur accumulated on the sorbent and total sulfur concentration in the 
desulfurized (clean) syngas for Experiment 5. Figure 2-22 shows the concentration of H2S, COS, and SO2 
in the desulfurized syngas for the same experiment. Similar data for Experiment 23 at 600 psig operating 
pressure is shown in Figure 2-23 and 2-24. 

 
Figure 2-20. Damage to regenerator 

standpipe, D-350, from 
grounded heater. 

Table 2-8. Summary of HTDS Syngas 
Experiments 1 to 32 

Item Min Max 
Number of Runs 32 
Duration of Syngas Feed, hr 0.4 23.5 
  Average SG Duration, hr 4.7 
  Total Duration of Syngas Feed, hr 222.0 
System Pressure, psig 130 800 
Absorber Temperature, °F 738 975 
Regenerator Temperature, °F 1110 1334 
Note: Min and Max values are averages for the duration of the 

experiment 
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Figure 2-21. Sulfur balance for Experiment 5. 
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Figure 2-22. Sulfur concentrations for Experiment 5. 
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Figure 2-23. Sulfur Balance for Experiment 23. 
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Figure 2-24 Sulfur Concentrations for Experiment 23. 

Both data sets show sudden drops in the sulfur regeneration rates, which are the result of a 
process safety interlock shutting off the oxygen feed because the O2 concentration in ROG exceeded the 
safe operating level. This excessive O2 "bleed" was unexpected based on previous work and was a 
constant problem throughout these 32 experiments. Once this interlock cleared, the O2 feed was resumed 
but usually at a lower rate in an attempt to avoid tripping the interlock again. 
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Once the sorbent became saturated with sulfur, the syngas feed was stopped and replaced with 
nitrogen to maintain sorbent circulation in both the absorber and regenerator reactor loops. Sorbent 
regeneration was continued until the sulfur concentration on the sorbent was low enough to permit the 
sulfur absorption to resume, at which time syngas feed was resumed in the absorber fluidized zone. Figure 
2-25 illustrates this point using data from Experiments 18 and 19. This procedure always worked 
indicating that the sorbent could be successfully regenerated, but not at a rate that would match the sulfur 
absorption rate. 

 
Syngas Status  1 = Syngas feed ON; 0 = Syngas Feed OFF (N2 ON) 

Figure 2-25. Total sulfur in effluent syngas, Experiments 18 and 19. 

Sulfur absorption rates were very consistent for any experiment until the sorbent became 
saturated with sulfur. Figure 2-26 shows sulfur absorption and regeneration rates as a function of 
operating pressure. The increased absorption rate at higher pressure is the result of the increased standard 
volume of gas flow (scfh) required to achieve similar actual gas flow (acfh) and maintain fluidization 
velocities at the higher pressure. For most experiments, the syngas feed rate was kept as low as possible to 
maintain fluidization, yet minimize the absorption rate in an attempt to achieve an acceptable sulfur 
balance. No attempt was made to determine maximum feed rate or minimum contact time. Figure 2-26 
also shows that the regeneration rate was not affected by operating pressure because of the slow kinetics. 
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Figure 2-26. Sulfur absorption and regeneration rates as a function of 

operating pressure 

2.5.3 Demonstrate Acceptable Regeneration Rate 

With the original equipment design, the regeneration reaction rate could not be maintained at a 
high enough rate to match the sulfur absorption rate and prevent sulfur accumulation. Every attempt to 
increase the O2 (air) feed rate resulted in high levels of O2 in the regeneration off gas that tripped a safety 
interlock and shut off the O2 feed. An experiment was conducted to determine if acceptable regeneration 
rate could be achieved if high levels of O2 were allowed in the ROG. To conduct this experiment, the 
sorbent was first saturated with sulfur (8.9 wt %) and the absorber gas feed switched from syngas to N2 to 
maintain circulation. The high ROG O2 interlock was then bypassed and O2 was supplied to the 
regenerator. As can be seen in Figure 2-27 SO2 and O2 levels increased in the ROG shortly after O2 feed 
was started and reached maximum values of about 8 vol% SO2 and 6 vol% O2. 

The sulfur regeneration rate achieved during this experiment is shown in Figure 2-28 and was as 
high as 6.75 lb/hr. While the regeneration rate was higher than previously achieved, it still was not as 
steady as typical absorption rates. At the conclusion of the experiment, the sulfur loading on the sorbent 
had been reduced to 1.76 wt%. 

While this experiment showed that high regeneration rates could be achieved, it would not be safe 
to allow such high O2 levels in the ROG while feeding syngas to the absorber reactor as the two streams 
(ROG and syngas) could mix and form an explosive mixture. Mixing of these occurred frequently as the 
sorbent seal (J-Leg D-360) between the regenerator standpipe (D-350) and the absorber reaction zone (D-
210) was not robust and was often cleared of sorbent allowing syngas to flow into regenerator standpipe 
(D-350) and mix with the ROG stream. 
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Figure 2-27. ROG concentrations with excess O2. 
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Figure 2-28. Sulfur regeneration rate with excess O2. 

 
2.5.4 Syngas Operations with Modified Design  

Based on the pilot plant experiments conducted at Eastman and laboratory investigations 
conducted by RTI, the project team identified several potential causes of the low regeneration reaction 
rates seen for the RTI-3 desulfurization sorbent. One perceived cause was the arsenic contaminant 
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sorption on RTI-3. Based on these findings, additional modifications were made to the HTDS pilot plant 
to improve controlled solids flow through the regenerator by altering the regenerator standpipe design, 
increasing the mixing zone on the regenerator to provide more residence time for the regeneration 
reaction, and adding an arsenic guard bed on the syngas feed to HTDS . Syngas operations with this 
modified design were started in September 2006. Steady state operation of both the absorber and 
regeneration subsystems were achieved within 10 hours of startup with the sorbent regeneration rate 
easily matching the sulfur absorption rate. Table 2-9 lists the ranges for operating temperatures in the 
absorber and regenerator and the system pressure as tested daily during the experiments conducted with 
the modified unit between Sept-06 and Sept-07. These experiments were conducted in three separate 
“campaigns”. 

The first campaign, Sept-06 
through Nov-06, was stopped when 
the filter elements of the desulfurized 
syngas filter, L-280, failed due to 
sulfidation attack on the sintered 
metal filter cloth (additional details 
are provided in Section 1.8.1 of this 
report). Replacement filter elements 
were procured allowing operations to 
resume in Feb-07. 

Table 2-9. Summaries of HTDS Syngas Operations, 
Modified Design 

Item Min Max 
Number of Runs 34 
Duration of Syngas Feed, hr 7.1 345.8 

Average SG Duration, hr/experiment 86.2 
Total Duration of Syngas Feed, hr 3,017.5

Average System Pressure, psig 299 605 
Average Absorber Temp,°F 748 942 
Average Regenerator Temp,°F 1,154 1,388 
Note: Min and Max values are averages for the duration of the experiment. 

The second campaign, Feb-07 through June-07, was stopped to allow for modifications to be 
made to the Direct Sulfur Recovery Process (DSRP) unit. The DSRP unit converts SO2 from the ROG 
stream into elemental sulfur and cannot run without the HTDS unit providing the ROG stream. These 
modifications (discussed in the DSRP section of this report) were not completed until Aug-07 because of 
the lead time for several components. 

The third campaign, Sept-07, was stopped when a leak developed in the waste gas line that 
allowed desulfurized syngas to leak into the atmosphere. The leak was the result of corrosion to the 
carbon steel line by a mixture of water and SO2 that resulted from mixing the ROG stream with the 
desulfurized syngas. This occurred because the caustic based scrubber previously used to process the 
ROG stream had been removed from the system to allow installation of the Multi-Contaminant Removal 
unit (see Section 2.15). Because of the high corrosion rate and the potential to release syngas and SO2 to 
the environment, the HTDS system could not operate unless the caustic scrubber was reinstalled, which 
was cost prohibitive. Thus, HTDS operations were stopped. 

In general, the system was able to consistently remove greater than 99.9% of the inlet sulfur and 
produced a desulfurized syngas containing <10 ppm total sulfur. The initial run of campaign 1 
(Experiment 35) used new RTI-3 sorbent (no prior syngas exposure) and averaged <1 ppm total sulfur in 
the exit syngas. All other experiments employed previously used sorbent and were not able to achieve as 
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deep sulfur removal. However, sulfur concentrations of 3 to 10 ppm were easily obtained with proper 
operating conditions. Experiments where the total exit sulfur was >10 ppm were usually the result of 
intentional parametric experimentation. Figure 2-29 and 2-30 use Experiment 40 to illustrate typical 
HTDS performance. At the start of this experiment, the sorbent had experienced about 300 hr of syngas 
exposure. 
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Figure 2-29. Typical HTDS performance, Experiment 40. 
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Figure 2-30. Typical HTDS performance by component, Experiment 40. 
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2.5.5 Parametric Experiments 

Parametric experiments were focused on determining the effect of pressure (measured on the 
discharge of the absorber cyclone), absorber reaction temperature, and absorber reaction residence time 
on the total exit syngas sulfur concentration. Unfortunately the sorbent circulation rate could not be 
controlled well enough to be included as a process variable. As a result, the experimental strategy was 
modified to conduct relatively short duration experiments (no more than 24 to 48 hours) adjusting only 
one process variable at a time. These single variable experiments were usually repeated in order to 
confirm the behavior. 

2.5.5.1 Absorber Temperature 
Figure 2-31 shows the effect of absorber temperature at constant pressure, residence time and 

sorbent sulfur loading. The improvement in sulfur removal with reaction temperature is believed to be the 
result of improved kinetics and/or mass transfer into the sorbent particles. At higher temperatures, the 
sorbent was able to consistently reduce the total sulfur content of syngas below 10 ppmv in this 
experiment. As discussed previously, other experiments showed lower than 10 ppmv of total sulfur in the 
syngas, this set of data in no way represent a limitation on HTDS to remove sulfur down to <5 ppmv. 
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Figure 2-31. HTDS performance vs. absorber temperature, Experiment 56. 

If the data set is limited to the red squares the best fit is linear in temperature. If all data are 
included (red squares and blue diamonds) then the best fit is quadratic in temperature. This indicates that 
the absorption reaction is controlled by different mechanisms in these two temperature ranges. It should 
also be noted that the D-210 reaction zone density was only ~20 lb/ft3 during this experiment, where other 
experiments achieved densities of ~40 lb/ft3. A direct effect of this lower density will be higher sulfur 
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leak (<10 ppmv compared to < 5 ppmv at 40 lb/ft3 as indicated above). This lower density is a direct 
result of lower sorbent circulation through the absorber. 

2.5.5.2 Absorber Residence Time 
Two residence time experiments are presented in Figure 2-32. These data are best fit by an 

inverse power equation in residence time and again seem to be approaching equilibrium at the higher 
residence times. The 6-Mar-07 Experiment 55 resulted in lower residual sulfur probably because of a 
combination of a) higher sorbent circulation as indicated by higher D-210 density (23 lb/ft3 vs. 17 lb/ft3); 
and b) lower sorbent sulfur loading (3.4 wt % vs. 4.3 wt%). 

 
Figure 2-32. HTDS performance vs. absorber residence time, 

Experiments 55 and 61. 

2.5.5.3 Minimum Sorbent Temperature to Maintain Regeneration Reaction 
During Run 43, an experiment was conducted to determine if the regenerator energy balance was 

sufficient to maintain reaction temperatures in the HTDS. Heat input to the sulfided standpipe (D-260, 
which transfers partially sulfided sorbent from the absorber to the regenerator) was slowly decreased 
allowing the temperature of the sorbent entering the regenerator to slowly decrease. As the inlet 
temperature (TIC269B) was lowered, the temperatures in the "normal" reaction zone, TIC313, TIC314, 
and TIC315, decreased but the temperatures at the top of the regenerator reaction zone (D-310), TIC328 
and TIC329, did not change, implying that the reaction was still occurring but the reaction zone was 
stretched out (Figure 2-33). As the inlet temperature approached 810°F, oxygen breakthrough was 
detected in the regenerator off-gas (AT674, Figure 2-34). Attempts to maintain reaction rates (adjusting 
air feed rate (FIC380) and increasing syngas feed to increase sorbent sulfur load) were not successful. As 
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2-35 

indicated by increased O2 leakage (AT674) and decreased SO2 concentration (AT373) in the ROG, and 
decreased reaction temperatures, the regeneration reaction essentially stopped. No attempt was made to 
restart the regeneration reaction since the system was being shut down for maintenance. 

TIC269B Inlet Sorbent Temp,°F TIC316 Rxn Zone 4 Temp,°F
TIC313 Rxn Zone 1 Temp,°F TIC328 Rxn Zone 5 Temp,°F
TIC314 Rxn Zone 2 Temp,°F TIC329 Rxn Zone 6 Temp°F
TIC315 Rxn Zone 3 Temp,°F FIC380 Air Feed Rate, scfh

 

 
Figure 2-33. Regenerator sorbent feed temperature, Experiment 43. 

S in ROG, lb/hr 

O2 Breakthrough 

Low Rxn Temp
stops air feed

 
Figure 2-34. Regenerator off gas composition, Experiment 43. 
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Based on this and other confirmatory experiments, a minimum temperature of 850°F was 
required for the sulfided sorbent entering to the regenerator to maintain adequate regeneration reactor 
temperatures. This minimum sorbent temperature could possibly be lowered if the sorbent feed rate could 
be reduced. This experiment could not be completed in the current system due to system design 
limitations. 

2.5.5.4 Sorbent Attrition 
Sorbent physical losses (elutriation and/or attrition) in a commercial system usually occur 

because of particle collisions with other particles and hard system surfaces (e.g., reactor walls) that occur 
during circulation. Standardized tests, such as ASTM D-5757 and Davision Attrition test, exist that 
attempt to predict the ability of the sorbent to resist attrition. From testing of RTI-3 and commercial FCC 
catalysts using these tests, the results showed that RTI-3 had higher resistance to attrition than existing 
commercial FCC catalysts (see Sections 2.2.1, 2.2.3, and 2.2.6 for additional details). However, the most 
accurate estimate of sorbent attrition was anticipated from measurement of fines losses during actual 
extended operation in the HTDS.  

Table 2-10 summarizes the RTI-3 sorbent losses for several of the longer duration experiments. 
Long duration experiments were chosen to minimize any sorbent losses during charging or discharging 
operations for a given experiment. Any sorbent added to the HTDS system beyond the initial 210 lb 
charge is included in the table as either New or Returned and is used to provide an estimate of sorbent 
losses. As Returned sorbent was included in the original charge, it should not represent sorbent attrition 
but is included as an estimate of the maximum attrition rate. The New sorbent category represents net 
additions to the sorbent inventory and is thus the best estimate of the actual sorbent attrition rate. This 
ranged from 0-76 lb/million lb of circulation with a time-weighted average of 31 lb/million lb of 
circulation. The standard accepted value for FCC catalysts is between 50 and 100 lb/million lb of 
circulation. Thus, sorbent losses due to attrition for RTI-3 are smaller than commercially acceptable for 
FCC catalysts. 

For the HTDS system, the largest cause of sorbent losses was usually due to sorbent sampling for 
monitoring the sorbent sulfur loading. These samples were usually collected every 3 hours, but sometimes 
as often as every hour, and resulted in removing ½ to 1 pound of sorbent for each set of samples (absorber 
and regenerator). Thus, in a normal day, 4-16 lb of sorbent could be removed due to sampling activities. 
As the initial sorbent charge was only 210 lb, this sampling removed a significant portion of the sorbent 
inventory. For this reason, this material was usually retained and then returned to the HTDS system once 
10-30 lb of sorbent had been accumulated and is included in the Returned category in the above table. 

The next most common cause of sorbent losses was material removed from the tail gas filters. On 
some occasions, large amounts of sorbent (10-50 lb) would be removed from the tail gas filters. This was 
usually the result of a pressure upset that resulted in reverse flow through the regenerator standpipe and 
cyclone. If the material appeared to be normal particle size (as opposed to fines), then this material would 
be returned to HTDS system and is also included in the Returned category in Table 2-10. During normal 
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operation, this material was usually fines that were small enough that they were not captured by the 
cyclones and thus represents the true attrition. Attempts were made to remove this material on a routine 
basis and record the weight. However, we were not able to reliably capture all of this material as the 
quantity was usually small (<1 lb) and it was difficult to consistently discharge all the material from the 
filter and lockhopper system. Attempts to close the sorbent material balance were not successful. 

Table 2-10. Estimate of Sorbent Attrition 

Experiment # 37-40 44-45 50 56 61 67 
Duration (hr) 399 179 154 274 276 346 
System Pres. (psig) 300, 450, 600 600 300 300, 450 450 300, 450, 600 

Average Sorbent Circulation Rate (lb/hr)
Absorber 2,841 1,981 2,690 2,538 2,875 2,813 
Regenerator 2,010 1,289 2,917 2,293 1,611 1,412 

Total Sorbent Circulation (lb)a 
Absorber 1,128,716 354,668 414,260 695,363 796,272 976,031 
Regenerator 798,951 230,813 449,142 628,165 446,243 489,974 
Total 1,927,667 585,481 863,403 1,323,528 1,242,515 1,466,005 

Sorbent Additions 
New b 146 0 0 0 30 55 
Returned c 289 51 60 30 30 62 

Sorbent Losses (lb / MM lb Circulated)
New b 76 0 0 0 24 38 
New + Returned c 150 87 69 23 24 42 

Sorbent Losses, Time Weighted Average of All Experiments(lb / MM lb Circulated) 
New b 31      
New + Returned c 70      
a Average sorbent circulation rates were calculated for each 1 hr period of the experiment. These 1-hr averages were then summed 

to determine the Total Sorbent Circulation. 
b New sorbent charges were any material that had not previously removed from that experiment and thus represents the 

replacement of lost sorbent. It may have been used in a prior experiment. 
c Returned sorbent was any material that had been removed from the system during that experiment through sampling operations 

or filter discharges. As such, it does not represent actual sorbent losses but is shown to provide an indication of sorbent transfer 
into and out of the HTDS system. 

 
 

2.5.5.5  Contaminant Testing of HTDS Inlet and Outlet Streams 
The primary objective of the HTDS field testing was to evaluate the desulfurization performance 

of this process during operation with real coal-derived syngas. Based on this objective, measurement of 
the sulfur concentration in the HTDS inlet and outlet stream was fully integrated into the data collected 
and used to monitor and operate the process. However, sulfur is just one of the contaminants that is 
present in real coal-derived syngas. Although bench-scale testing with simulated syngas has provided a 
solid foundation for estimating and understanding the desulfurization performance of HTDS, the 
interaction of these contaminants with the RTI-3 desulfurization sorbent in HTDS has not been tested. 
Furthermore, only limited information about the chemical composition of these contaminants and their 
typical concentration in syngas is available.  

To maximize the information learned from this real coal-derived syngas testing, URS Corporation 
(URS) was hired to measure the concentration of the ammonia, HCl, HCN, arsenic, mercury, cadmium 
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and selenium of the raw syngas, the effluent from the arsenic guard bed and the effluent from the HTDS 
process. These contaminants are all identified for removal in DOE’s programmatic goals for syngas 
cleaning processes. These measurements would provide additional information about the typical 
concentration of these contaminants in coal-derived syngas. URS also recognized the uniqueness of this 
opportunity and recommended multiple testing methods for arsenic and mercury to enable head-to-head 
comparison of the accuracy, precision, and reliability of the results from the different testing methods. 
The full details of this study are provided in URS’s report in Appendix H. 

Table 2-11 provides concentrations of the contaminants in the different streams. For the HTDS 
system, significant reductions in the concentrations of ammonia, HCN, HCl, arsenic, and selenium are 
observed. Because the sample conditioning for the HTDS effluent had a water condensation step, the 
ammonia, HCN, and HCl were removed with the condensed water rather than by the HTDS process. The 
arsenic and selenium removal confirms results from analysis of spent RTI-3 sorbent from HTDS testing at 
Eastman showing accumulation of arsenic and selenium on RTI-3.  

Table 2-11. Concentrations of Various Contaminants in HTDS Train. 

Test Parameter Units Raw Syngas 
As Guard Bed 

Effluent HTDS Effluent 
Ammonia  ppmv 530 490 114 
Hydrogen cyanide ppmv 12.7 2.0 0.09 
Hydrogen chloride ppbv 166 205 72 
Arsenic (charcoal) ppbv 942 275 24 
Arsenic (ICI) ppbv 706 264 20 
Cadmium (charcoal) ppbv ND1 ND1 ND1 
Mercury (charcoal) ppbv 6 3 12 
Mercury (KMnO4) ppbv 8 8 6 
Selenium (charcoal) ppbv 47 45 ND1 
1 Not Detected 

 
 

2.5.6 Additional Equipment Problems with the Modified Design 
2.5.6.1 Corrosion of Absorber Off Gas Filter Elements 

During Experiments 48-50, the absorber off gas system began experiencing problems with the 
sampling system plugging and the back pressure control valve (PV-230) sticking. The HTDS system was 
shutdown and the absorber off gas filter (L-280) disassembled revealing that the sintered metal filter 
elements had failed due to sulfidation attack shown in Figure 2-35. The filter elements had been in service 
for about 1,238 hours of syngas exposure. The filtration media of the failed elements was constructed of 
Bekaert Alloy HR (DIN No. 2.4605), which corresponds to the Alloy 59 produced by Thyssen-Krupp-
VDM in Germany. 
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Figure 2-35. Failed absorber filter elements. 

Investigation by energy dispersive spectroscopy (EDS) revealed that the Alloy 59 wires were 
attacked by arsenic and sulfur. A peeling outer layer of the screen was observed to have arsenic/sulfur 
rich scales. The wires retained a core of original metal alloy, surrounded by a chromium-sulfide scale, 
with an outer scale mainly of nickel, sulfur, and arsenic, but also containing moderate amounts of zinc 
and aluminum. The wires on the inside of the filter were not as badly sulfided. The wires in the syngas 
filter had broken into much smaller lengths, regardless of position in screen thickness. The reason was not 
investigated but is believed due to sulfide attack along the grain boundaries. A loose black powder present 
on the elements was analyzed by XRD and found to be a Ni11As8 powder. 

The proposed failure scenario for the Alloy 59 syngas filter is by the fluxing action of an arsenic-
sulfur mixture that leads to sulfidation of the alloy. The XRD results showing a strong presence of 
Ni11As8 led to examination of binary phase diagrams for the Ni-S, As-S and Ni-As systems. The As-S 
system will form a liquid at temperatures as low as 200°C and at 500 °C, the compositional range for 
these two elements indicate 75% likelihood to be a liquid. It is believed that this As-S liquid acts as a flux 
to lower the reaction temperature between nickel and sulfur, which in turn results in the classic sulfidation 
of the nickel alloys. This classic sulfidation reaction forms the Cr-S rich scale as observed in the 
elemental analysis because the nickel will diffuse outward as the sulfur diffuses inwards. 

The estimated corrosion rate is very low, less than a mil per year (0.001"/yr). However, because 
the wire size is only about 10 microns, the 1,238-hour exposure has destroyed the filter screen wires by 
sulfidation. 
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Replacement filter elements were constructed of Dynalloy™ D215-160 by Pall Corporation and 
were used successfully for 2,002 hours of syngas exposure during Experiments 51 through 69. Pressure 
drop across the filter elements was normally ~ 1 pisd but on occasion was as high as 4 psid at high gas 
flow rates. The elements were inspected after Experiments 67 and 69 revealed no evidence of corrosion or 
mechanical degradation as shown in Figure 2-36. 

 
Figure 2-36. Dynalloy D215-160 filter elements after 1,767 hours of use. 

2.5.7 Sorbent Charging Valves 

The HTDS system used a lockhopper system to transfer sorbent into the system while operating 
at elevated temperature and pressure. A double valve system was also used to remove sorbent samples 
from the base of the standpipes at operating conditions. In both cases, full port valves must be capable of 
allowing sorbent flow when open yet not leak when exposed to 1,000 psi pressure difference. The original 
design used ball valves for this service. These valves were designed for steam service and the seats were 
quickly abraded by the sorbent particles resulting in unacceptably high leak rates. Prior to Experiment 35, 
the “steam” valves were replaced with metal seated ball valves better suited for the abrasive service. This 
type valve had performed well on the off-gas filter/lockhopper systems and was expected to perform well 
in the new applications. The new valves worked well on the sorbent sampling systems, but experienced 
problems on the sorbent charging system. 

The sorbent charging line began to experience plugging problems during Experiment 11 after 
about 750 hr of operation with the new valves. Initial investigation revealed that the valve seats had 
become scored by the sorbent, allowing wet syngas to leak through the valve. The water then condensed 
on the low pressure side of the valve and combined with sorbent to form a plug. Replacing the upstream 
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valve seats (Figure 2-37, item 2) and the Belleville spring washer (Figure 2-37, item 3) would improve 
the valve performance temporarily but the problem would return within a few days time. 

Figure 2-37. Metal-seated ball valve used in sorbent transfer systems. 

Further investigation with the valve vendor revealed that the problem was caused when the valve 
experienced a pressure reversal during the sorbent charging procedure: 

■ While loading sorbent to the lockhopper, the HTDS is at 300 to 800 psig resulting in a 
pressure gradient toward the lockhopper; 

■ To transfer the sorbent from the lockhopper to the HTDS, the lockhopper pressure is raised to 
50 to 100 psi above the HTDS pressure, i.e. reversing the pressure gradient; 

This pressure reversal would compress the Belleville spring washer such that the ball was no 
longer held tight against the seats allowing the valve to leak. 

We were not able to modify the valves or the charging procedures to prevent this recurrence. 
However, by using dry nitrogen to maintain the lockhopper pressure above the HTDS pressure, a small 
amount of N2 leaked into the HTDS and kept the line from plugging. Double-seated valves are available 
that are designed for pressure reversal and should be used on any future systems. 

2.5.8 Plugging of Regenerator Reaction Zone with Pipe Scale 

Maintenance operations would often require the HTDS system to be shutdown and all sorbent 
removed. During the initial runs of the first campaign the normal procedure was to circulate the sorbent 
using nitrogen while cooling the entire system to about 250 °F and then immediately remove the sorbent 
through the sample valves on the absorber and regenerator standpipes. When attempting to restart from 
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Experiment 42, the regenerator reaction zone was plugged and would not allow sorbent circulation 
through the regenerator loop. Investigation revealed a significant amount of pipe scale at the bottom of 
the regenerator reaction zone (D-310). Figure 2-38 is a photo from a video inspection of the D-310 zone. 
Elemental analysis indicated the scale to be of similar composition to typical stainless steel. The shape 
and size of the scale pieces suggested that it had been attached to the D-310 reactor wall and had flaked 
off after the sorbent had been removed, probably due to thermal expansion effects. 

This problem recurred several times 
during the first campaign. Attempts to 
remove the scale by blowing it from the 
system with N2 and/or using a rod or 
plumber’s snake to remove it through the D-
300 J-Leg were only partially successful. 
When sorbent was reloaded for Experiment 
44 (Thursday, 10/19/06), a partial plug was 
formed in the transition between the reaction 
zone (D-310, 1.8” I.D.) and the riser (D-320, 
0.6” I.D.) as indicated by transmitter 
99PDT315 (light blue trace in Figure 2-39) 
being off scale high. The HTDS was able to 
resume operation in spite of the restriction, which was slowly broken up over the 3 days of operation as 
indicated by 99PDT315 slowly returning to the "normal" range. 

 
Figure 2-38. Pipe scale at the base of regenerator 

reaction zone, D-310 

 
Figure 2-39. Regenerator reaction zone plugging, Experiment 10. 
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Based on this observation, the shutdown procedure was modified to continue sorbent circulation 
for at least 6 hours after the temperatures had reached 250 °F. This allowed the sorbent circulation to 
break up the scale as it broke free of the pipe wall. The smaller particles of pipe scale were then easily 
discharged from the HTDS with the sorbent, essentially eliminating plugging of the D-310 zone. Plugging 
of the D-310 to D-320 transition was greatly reduced once this procedure change was implemented. 

Once the scale was identified as stainless steel, the pipe thickness was routinely monitored at 
several strategic locations. These measurements never revealed any significant changes to the pipe 
thickness. Thus no explanation can be offered for the source or mechanism of the regenerator pipe scale. 

While scaling was a problem in the HTDS system, this was primarily because the size of the scale 
generated was sufficiently large to bridge across the 0.6” I.D. of the pilot scale regenerator riser. In larger 
systems, the regenerator riser will be much larger, eliminating the potential for scale to bridge and plug 
the larger reactor diameters. In addition, larger reactor systems will shift to refractory lining, reducing the 
contact between hot reactive gases and the metal pressure shell, and essentially eliminating the potential 
for scaling.  

2.5.9 In-Line Filters for Off Gas Lockhoppers 

While servicing the relief devices in July 2007, a significant amount of sorbent was found in the 
vent header. This vent header serves both the emergency relief devices and several non-emergency 
process vents. The sorbent was still fluid and would have probably not have interfered with an emergency 
venting event, however, given the RTI-3 sorbent’s tendency to form hard plugs when mixed with water, 
the source had to be identified and corrected.  

The most likely source was judged to be venting of the off-gas lockhoppers prior to discharging 
sorbent from the off-gas filters. Any solids present in the lockhopper could easily be fluidized and carried 
into the vent header during the depressurization as the vent paths were not equipped with any filtration 
device. To prevent a recurrence, sintered metal in-line filter disks, shown in Figure 2-40, were installed 
between existing flanges in the process vent lines for both the lockhoppers. These filters were installed 
prior to the September 2007 operations. The vent header was later examined and contained only a small 
amount of sorbent probably left over from the previous contamination. 

2.5.10 SO2 Scrubber  
2.5.10.1 Scrubber Reliability 

In order to minimize SO2 emissions to the environment the Regenerator Off Gas (ROG) was 
passed through an aqueous scrubber prior to being vented to atmosphere as shown in Figure 2-41. 
Recirculation pump P-425 was used to circulate 2 to 4 gpm of the scrubber solution from vessel V-420 to 
the top of a packed column. An additional 5 to 10 gpm was circulated to the to a venturi educator located 
on top of V-420. The SO2 containing ROG stream was fed into the venturi and passed into V-420 and up 
the packed column before being vented to atmosphere. The pH of the scrubber solution was maintained at 
11 to 12 by adding an aqueous solution of 25% NaOH via pump P-465. Additional water was fed into 
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scrubber vessel V-420 through a rotameter. Excess liquid overflowed from V-420 through a side nozzle 
and into V-480 prior to transfer to Eastman’s industrial waste water treatment system. As the scrubber 
was an environmental control device, interlocks were established that would disable the air (O2) feed to 
the regenerator if the pH was less than 11.0 or if liquid flow to the top of the column was less than 
2.0 gpm. Unfortunately the scrubber components proved to be less than reliable and were the cause of 
most of the HTDS downtime. The most common scrubber problems are discussed below. 

 
Figure 2-40. Filter disk installed in Lockhopper Vent Path. 

Pump P-425 — The mechanical seal on circulation pump P-425 failed several times resulting in 
loss of circulation flow. The root cause was found to be improper adjustment of the seal during 
replacement. The seal vendor was consulted and provided training to the mechanics that significantly 
improved the pump’s reliability. 

pH Meter — During normal operation the pH probe would become coated with salts and would 
give a false reading. Proper readings would return once the probe was cleaned. Initially, the pH probe was 
installed through a flanged connection on the top of vessel V-420. With this configuration employees 
were exposed to process gases from the scrubber whenever the pH probe was removed. To perform this 
operation safely, the entire HTDS and scrubber system had to be shutdown and purged with N2 prior to 
removing the pH probe. In order to improve the ability to clean and calibrate the pH probe, it was 
relocated to the P-425 supply piping up stream of the NaOH addition. Bypass piping was also provided to 
allow the pH probe to be isolated for maintenance, while still maintaining flow through P-425. While this 
did not reduce the amount of fouling, it allowed for safer and faster servicing of the probe. Future 
operations should consider redundant pH controllers that would allow maintenance one pH system while 
operating with the other. 
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Figure 2-41. SO2 scrubber process flow diagram. 

Caustic Supply Pump P-465 — The 25% NaOH solution was supplied from a pre-existing tank 
in the Gasification Department located about 300 ft away. While the pump was rated for the required head 
and flow, the installation was not always reliable with the pump failing twice and the traced transfer line 
plugging or freezing several times. The installation was not equipped with a flow indicator thus it was 
difficult to identify the cause of a pH control problem as a pump problem or pH meter problem. Future 
operations should consider improvements to the caustic supply system such as flow indicators at the 
discharge of P-465 and at the delivery point to P-425, a local run switch at the pump, and/or 
modifications to the transfer line. 

Water Supply — Dilution water was supplied to V-420 through a manually adjusted rotameter. 
Variations in water supply pressure and/or the presence of suspended solids would cause the flow to 
diminish or stop. If this was not detected, salts would build up in V-420 and plug the circulation path. 
Future operations should consider installing automatic flow controls and/or low flow alarms. 
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Level Measurement — Vessels V-420 and V-480 were equipped with multi-point ultrasonic 
level switches that were used for control (pump activation) and interlocks (stop all liquid feeds, etc.). 
Both switches failed relatively early in the operation. Attempts to repair them were not successful so the 
controls and interlocks were disabled. Future operations should consider replacement of the level switches 
with continuous level transmitters and/or more reliable level switches. 

2.5.11 Scrubber Removal and Corrosion to Waste Gas Line 

In addition to the HTDS operations, the Eastman statement of work (SOW) called for operation 
of two other pilot units: 1) Direct Sulfur Recover Process (DSRP), 800 hr; 2) Multi-Contaminant (MC) 
removal, 500 hr. The SOW and project budget called for both of these units to be installed on the same 
concrete pad, thus requiring sequential operation. The DSRP unit was installed first and can only be 
operated while the HTDS is operating since the HTDS’s ROG stream is the main feed for the DSRP. 
Unfortunately, the DSRP operating schedule was delayed several times because of mechanical problems; 
such that by spring 2007, there was insufficient time to complete both the DSRP and MC tasks within the 
remaining subcontract time period. Thus several options were considered to allow simultaneous 
installation and operation of the DSRP and MC units. 

The preferred option was to remove the SO2 scrubber and install the MC unit on the scrubber’s 
concrete pad. Thus the scrubber was removed in May 2007 (between Experiments 66 and 67). In order to 
prevent SO2 emissions, the ROG stream was combined with the desulfurized syngas from the HTDS 
absorber and transferred to an Eastman boiler (adequately permitted for SO2) via the existing carbon steel 
waste gas line. As the scrubber had been the cause of significant HTDS downtime, removal of the 
scrubber was expected to improve HTDS on-stream time. This was in fact the case with an 81% on-
stream factor after removing the scrubber versus 61% before. 

During Experiment 69, personal monitors of operating staff for the Eastman Gasification 
Department began to detect dangerously high concentrations of CO at ground level beneath the pipe 
bridge that supports the waste gas line from the HTDS and DSRP pilot units. This CO was found to be 
escaping from a hole, about 0.5" x 1.5", just below a 90 degree elbow (transition from horizontal to 
vertical) in the carbon steel waste gas line between the HTDS and DSRP pilot plants and the main waste 
gas header for Eastman’s Gasification Department. As a result of this discovery, operation of the HTDS 
and DSRP systems were immediately switched from active gases to nitrogen. Investigation of the carbon 
steel waste gas line at all the remaining elbows and several horizontal and vertical sections revealed 
significant thinning of the carbon steel at 3 additional elbows. All four high corrosion points involved the 
transition from a horizontal to vertical section. In the worst case, corrosion had reduced the carbon steel 
thickness from the original 0.216” to 0.090”.  

The corrosion of this waste gas line was caused by the combination of dry SO2 (from the ROG 
stream) and condensed water (present in the desulfurized syngas) to form a highly corrosive mixture. 
Modeling of the mixed syngas/ROG stream, completed to evaluate the decision to remove the scrubber, 
indicated that condensed water would be present and that long term corrosion was a concern. However, it 
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was thought that the remaining ~700 hr of DSRP operations could be completed without incident. After 
scrubber removal, 589 hours of HTDS operation were completed prior to discovery of the hole in the 
waste gas line. Based on this operating time, the corrosion rate was about 1.8 inches/yr. This is >1,000 
times the anticipated corrosion rate. Further operations in this configuration would have resulted in 
unacceptable risk to the safety and operability of the Eastman Gasification Department, thus the HTDS 
and DSRP operations were suspended. 

2.5.12 Evaluation of Options to Process the ROG Stream 

Almost immediately, Eastman and RTI began evaluating options for processing the HTDS and 
DSRP tail gases containing SO2. The following four options were identified: 

1. Process the tail gas streams in the existing Eastman Claus sulfur recover plant by combining 
with the sour vent gas (moist H2S) stream from the gasifier building; 

2. Process the tail gas streams in an existing biofilter for H2S treatment; 
3. Remove the MC unit and reinstall the caustic scrubber in its original location; 
4. Reinstall the caustic scrubber in a new location; 

Option 1 was rejected because the moist H2S stream is currently processed in a carbon steel heat 
exchanger, which already suffers from accelerated corrosion from the moist H2S stream. Addition of SO2 
to this stream would only accelerate the corrosion rate. Failure of this heat exchanger would cause 
significant adverse consequences to Eastman’s Gasification Department. Thus, this option was rejected. 

Although Option 2 is currently used to effectively process H2S, studies have shown that biofilters 
are also effective at removing SO2. However, the reaction rates in the biofilter are much too slow to 
effectively process the amount of SO2 present in the HTDS and DSRP tail gases. Thus, this option was 
also rejected. 

While Option 3 was possible, in order to complete all tasks of the subcontract, it would have 
required: 

■ Removing the MC unit 
■ Reinstalling the caustic scrubber  
■ Implementing several modifications to 

improve the reliability of the caustic 
scrubber 

■ Operating the HTDS and DSRP for 
approximately 700 hours 

■ Removing the DSRP unit 
■ Installing the MC unit in place of the DSRP 

unit 
■ Operating the MC unit for 500 hours 

 
Because this would have resulted in an excessive amount of construction and installation time and 

expense, this option was rejected. 

In contrast to the third option, reinstalling the caustic scrubber in a new location, Option 4, would 
significantly reduce the time, effort, and cost associated with completing the field testing program. Thus a 
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new site was identified and budget estimates were prepared for the installation of the caustic scrubber in a 
new location and the operational costs to complete the field testing program. The estimated installation 
cost of $240,000 combined with the additional operating expenses would have exceeded the available 
project funding by $650,000. In addition, the time necessary to complete this work would have delayed 
completion of the testing until late spring of 2008. Thus, this option was also rejected. 

Since no viable option was found to process the SO2 containing tail gases, no further HTDS and 
DSRP operations were completed. If future operations are required, installation of the scrubber in the 
original location is now viable as operation of the MC unit is complete and the unit has been removed. 

2.6 Conclusions 
One of the most impressive accomplishments of this project has been the successful development 

of the warm syngas desulfurization process. At the beginning of this project, both the catalyst and 
transport reactor-based desulfurization process at best had been demonstrated at laboratory-scale at RTI. 
By the end of this project, the key catalyst and process development accomplishments included: 

■ Scale-up and production of RTI-3 with the production of 8,000 lbs of RTI-3 sorbent using 
commercial catalyst preparation equipment including a 24 ft diameter commercial spray dryer 

■ Over 3,017 hours of desulfurization and regeneration operation in a dual loop transport 
reactor system at high temperature and pressure conditions with real coal-derived syngas 

■ An average on-stream factor of 57.4% with the main shut downs being caused by ancillary 
equipment like the caustic scrubber used to treat product gases to meet environmental 
permits, sorbent charging valves, and absorber filter elements 

■ Reproducibly removing over 99.9% of the sulfur in the syngas (effectively reducing the inlet 
sulfur concentration from 8,000 pppmv to < 10 ppmv 

■ Demonstrating equal effectiveness in the removal of both H2S and COS 
■ Demonstrating near complete consumption of an air/nitrogen mixture at a stable regeneration 

operating temperature 
■ Demonstrating an average attrition rate of 31 lb/MM lbs of circulation (Less than the standard 

50-100 lbs/MM lbs circulation for FCC catalysts) 
■ System analysis based on the pilot plant testing that demonstrate a significant lower capital 

cost benefits and increased thermal efficiency for the warm syngas desulfurization process 

The large amount of operating time accumulated with this process allowed 

■ Identification of important control variables (sorbent sulfur loading, residence time, and 
absorber temperature) with parametric testing 

■ Identification of suitable operating conditions to the desulfurization process in a thermally 
neutral mode (No thermal energy input required to sustain process) 

■ Testing of commercially viable control schemes for start up, shutdown and normal operations 

The experience gained from operating this pilot plant system for over 3,000 hours with real coal-
derived syngas provided the confidence to effectively complete a preliminary design and cost estimate for 
a 50-MWe demonstration plant discussed in Chapter 8. 
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Furthermore, the accomplishments achieved during this project demonstrate that this warm 
syngas desulfurization technology is ready for commercial deployment especially for electric power 
production. The current performance goal for desulfurization for electric power production is to achieve 
an SOx emission level of ≤1.6 lb of SOx/MWh gross. This corresponds roughly to a sulfur concentration 
in the syngas of 60 ppmv. Results from pilot plant testing with real coal-derived syngas demonstrated that 
reproducible production of a syngas with a total sulfur concentration of <10 ppmv. The results from the 
system analysis that demonstrate capital cost benefits and increased thermal efficiency for this process 
improve the potential for commercial deployment of this technology with the immediate potential end use 
for electric power production in an IGCC. 

2.7 Recommendations for Future Operations 
The HTDS pilot plant demonstrated the ability to produce an effluent syngas with a sulfur 

concentration between 1 and 10 ppmv. As mentioned previously, this significantly exceeds the current 
specifications for sulfur emissions for coal-fired electrical plants. However, this sulfur concentration 
exceeds the maximum concentration (50 ppbw) established for DOE’s performance goals for warm gas 
cleanup. As part of an ongoing DOE Cooperative agreement DE-FC26-05NT42459, RTI will explore 
improvements and modifications of the warm desulfurization technologies demonstrated in this project 
that will achieve DOE’s maximum performance goal for sulfur. 

At this time no further operations are planned for the HTDS pilot unit. If additional operation of 
the HTDS pilot plant should be required, the following action items should be considered: 

■ Improve reliability of caustic scrubber system with the addition of redundant pH 
measurement probes and better instrumentation and control features. 

■ Improve reliability of sorbent addition system by using valves exhibiting better wear 
resistance in solids service, add additional N2 purging capabilities to plugging associated with 
water condensation, and improving access to remove these solids plugs. 

■ Improve solids removal from filter system by adding additional instrumentation and 
improved control features. 



3. Field Testing of Direct Sulfur Recovery 
Process 

3.1 Background 
The sulfur removed from syngas during the desulfurization requires appropriate treatment to 

avoid release of an SO2 byproduct that exceeds the regulatory permitted limits. For conventional, 
desulfurization technologies, the sulfur is removed as H2S and conventional Claus and commercial tail 
gas treatment technologies convert this H2S to elemental sulfur. 

For the warm syngas desulfurization process and sorbent developed in this project, the sulfur is 
extracted from the syngas as SO2 rather than H2S. The three potential options for processing this SO2 
byproduct stream to meet regulatory permitting limits include 

■ Modified Claus process 
■ Sulfuric acid production 
■ Direct Sulfur Recovery Process (DSRP) 

DRSP is a process developed by RTI that uses a small slipstream of syngas to catalytically reduce 
the SO2 produced in the warm syngas desulfurization process to elemental sulfur. The specific principal 
chemical reactions are 

 SO2 + 2H2 ↔ S + 2H2O [1] 

 SO2 + 2CO ↔ S + 2CO2 [2] 

The unique feature of DSRP is that the optimum operating conditions for the process include high 
pressure and high temperature making integration of DSRP and the warm syngas desulfurization process 
extremely compact and efficient. 

Development of the DSRP process began in 1988 with simulated gas mixtures in small bench-
scale reactor systems at RTI. A significant amount of process development, scale up and field testing of 
this technology has been carried out over the last 20 years. A summary of this prior development work is 
provided in the next section. 

The focus of the DSRP development work performed in this project was to push beyond the 
results obtained in previous projects in three specific areas. Although some of the previous DSRP field 
testing at DOE did include some fraction of integrated testing with both actual coal derived syngas and 
regeneration tail gas, most of the previous field tests have emphasized testing with real coal-derived 
syngas and simulated regeneration tail gas. One of the primary objectives of this field test program was to 
use RTI’s largest DSRP pilot plant system in a fully integrated test using real regeneration tail gas from 
the HTDS system and real coal-derived syngas from Eastman’s gasifier. 
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By running this fully integrated test for an extended period, full operation of the warm syngas 
desulfurization system could be demonstrated. This would provide valuable actual integrated operating 
experience for the HTDS and DSRP systems. In addition this extended testing would provide a more 
realistic test of potential catalyst deactivation by either contaminants in the coal-derived syngas or 
regeneration tail gas. This operating experience provides a strong foundation to assess commercial 
viability and advantages of the DSRP technology compared to existing technologies. 

In the past, one of the major challenges during these extended field tests has been sulfur 
condensation, which has forced regular shut downs of the system to remove sulfur plugs. This batch 
approach to pilot plant operation has not allowed suitable demonstration of the technology for long 
periods of time. Although available equipment/processes can effectively collect a pure liquid phase 
elemental sulfur product from gas phase reactor effluent from commercial Claus systems, these systems 
typically process tons of sulfur per day. The typical pilot plant systems designed to demonstrate DSRP 
processes between 0.1 to 0.25 ton of sulfur per day. Therefore, no available commercial equipment is 
available to effectively recover the elemental sulfur from a pilot plant DSRP system. Improving sulfur 
collection/treatment sufficiently to achieve more continuous operation would result in a significant 
improvement in DSRP pilot plant testing and represents the final focus of the DSRP development work 
for this project. 

3.2 Summary of Prior Work 
As previously mentioned, the original work on DSRP began in 1988 with testing of 25-50 ml of 

catalyst in bench-scale reactor systems using simulated syngas and regeneration gas containing up to 13 
vol% SO2. These bench-scale results demonstrated that conversions of between 98 and 99% in a two 
stage reactor system with an interstage sulfur condensation and water collection. The original 
development work for DSRP was funded through DOE Contract No. DE-AC21-MC27224. 

The next phase of DSRP development included field testing with real coal-derived syngas from 
DOE’s fluidized-bed gasifier at Morgantown, WV. One of the key accomplishments of this field testing 
was a 160 hour exposure test of the fixed-bed DSRP catalyst to real coal-derived syngas. The results of 
activity testing demonstrated that the catalytic activity of this catalyst at the beginning and end of this 160 
hour test was essentially same at about 98% conversion of SO2 into elemental sulfur. 

To provide additional information about catalyst deactivation upon exposure to real coal-derived 
syngas, a portion of the catalyst from the 160 hour tested was loaded into an exposure container. This 
exposure container was placed in coal-derived syngas from General Electric’s (GE’s) pilot plant gasifier 
in Schenectady, NY for an additional 200 hours. Because during actual DSRP operation, only a fraction 
of the reactor feed gas (about 90% regeneration tail gas and 10% syngas) is syngas, this 200 hours of full 
syngas exposure was assumed to be about 1,300 hours of equivalent syngas exposure at standard 
operating conditions. 
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After this additional exposure, the catalyst was retested for its catalytic activity. Initially, the 
conversion was only 86%. However, after about 22 hours of additional testing, the conversion had 
increased to 96%. This is still less than the original 98% conversion, but demonstrated significantly less 
potential deactivation than observed initially. Analysis of the catalyst material demonstrated that prior to 
exposure in the GE’s pilot plant gasifier; the carbon content of the catalyst was about 0.04 %. 
Immediately after exposure in the GE pilot plant gasifier, the carbon content of the catalyst was 31.3%. At 
the end of the activity testing at RTI, the carbon content of the catalyst had decreased to 5.7%. These 
results would indicate that deposition of soot/tar from the gasifier on the catalyst effectively coated the 
active catalyst rendering it inactive. As this carbon coating was removed, catalytic activity was restored. 
Because the carbon content of the catalyst was still over 100 times the carbon in the original material, 
there is the possibility that the difference in conversion (96% instead of the original 98%) that remained 
after 22 hours of activity testing could be attributed to this remaining carbon and full activity would return 
when this carbon would be removed. 

In addition to the analyzing the catalyst for carbon, the different catalyst samples were also 
analyzed for arsenic, mercury, selenium, and lead. The results of this analysis are provided in Table  3-1. 
Because of matrix interferences with 
other elements in the catalyst, 
background noise would not allow 
accurate measurements of arsenic and 
selenium. In spite of this limitation, the 
results in Table  3-1 show that mercury 
was not accumulating on the catalyst 
during syngas exposure from either 
DOE’s fluid-bed gasifier or GE’s pilot 
plant gasifier. Although matrix 
interferences may have biased the exact 
measurement of selenium, the lack of 
change in the results would suggest that selenium was also not accumulating on the catalyst during syngas 
exposure for the two gasifiers. The catalyst did show a very significant increase in lead after exposure to 
the syngas from GE’s pilot plant gasifier, but essentially no lead accumulation with syngas from DOE’s 
fluid-bed gasifier. Although the matrix interferences did not allow determination of exact arsenic 
concentration, the general observation is that arsenic does accumulate on the DSRP catalyst. 

Table  3-1. Trace Metal Analysis for DSRP Catalyst 

Trace 
metal 

Concentration on DSRP Catalyst (µg/g) 

Fresh 

After 160 h @ 
Morgantown, 

WV 

After 200 h 
additional 
hour @ GE 

After 
activity 

testing @ 
RTI 

As1 < 1 ~5 10 to 100 10 to 100 
Hg <0.005 <0.005 <0.005 <0.005 
Pb 2.5 3.0 167 144 
Se1 <0.5 <0.5 <0.5 <0.5 

1 Matrix interferences during analysis inhibited precise determination of the 
concentration of these elements on the catalyst 

The conclusion from these observations is that carbon deposition on the catalyst as either soot or 
tar results in a reversible deactivation of the DSRP catalyst. Almost complete catalyst activity was 
restored as the carbon was removed from the catalyst. Mercury and selenium were not found to 
accumulate on the catalyst. Lead was found to accumulate on the sorbent specifically during exposure to 
syngas from GE’s pilot plant gasifier. Accumulation of lead from this gasifier system was also observed 
on other sorbents which were tested during this campaign, including fixed-bed zinc titanate sorbent 
pellets for sulfur removal and sodium carbonate materials for HCL removal. Arsenic was the primary 
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trace contaminant species that accumulated on the DSRP catalyst. Any deactivation associated with the 
accumulation of lead and arsenic on the DSRP catalyst was significantly less than carbon deposition. 
Therefore, the accumulation of these trace contaminants may slowly poison the DSRP catalyst, but 
significant operating time would be required to effectively determine the rate of this deactivation and any 
associated limitation of catalyst life. 

In the most recent field test, the largest DSRP pilot plant system was completed and tested at the 
Power Systems Development Facility (PSDF) in Wilsonville, AL. This new pilot plant system represents 
a scale up of the earlier pilot plant system tested at Morgantown, WV by a factor of six. Although this 
new pilot plant system was designed to permit testing as either a fixed-bed or fluidized-bed reactor, the 
reactor was tested exclusively in the fluid-bed mode during this field test. The limited actual syngas 
exposure time (53.5 hours), experimental fluid-bed catalyst formulation, and operational issues did not 
add any significant information about long term catalyst deactivation resulting from trace contaminants in 
real coal-derived syngas. However, this field test was able to demonstrate that a control strategy 
conceived during earlier field testing could be fully implemented and it did provide improved control for 
DSRP process. 

In addition to actual pilot plant testing, this field test included an exposure testing of the fixed-bed 
sorbent to actual syngas generated in an air-blown transport gasifier. For this exposure, exposure canisters 
were installed in the Westinghouse candle filter system downstream of the filter elements. In this location 
the catalyst was exposed to syngas for about 900 hours at temperatures of ≥600ºC. During post-exposure 
activity testing, the catalytic activity of the exposed fixed-bed catalyst was observed to be between 85 and 
90% compared to 98% for the initial catalyst. 

Additional physical analysis of the exposed DSRP catalyst, shown in Table  3-2, demonstrates 
significant change in catalyst physical properties. The results in Table  3-2 show that almost 67% of the 
active material was lost during exposure at PSDF. In addition, the catalyst lost roughly half of its surface 
area and pore volume during exposure. Based on the extent of these physical changes, the loss in activity 
observed for the exposed catalyst 
resulted from these physical changes. 
Examination of the actual operation 
records show that in addition to the 
nearly 900 hours of syngas exposure, 
the sorbent was exposed to significant 
period of an oxidizing gas, primarily 
air, during gasifier start up, gasifier standby operations and gasifier shutdown. Exposure to an oxidizing 
gas at high temperatures would result in significant deactivation of the active catalyst material and 
sintering. Based on the information in Table  3-2, this appears to be exactly what occurred to the catalyst 
during exposure. 

Table  3-2. Analysis of Post-Exposed DSRP Catalyst 

 
Fresh, 

unactivated 
Freshly 

activated 
PSDF 

exposed 
Active ingredient (wt%) 0.04 3.03 1.06 
Surface area (m2/g) 188.5 168.3 80.6 
Pore volume (cm3/g) 0.59 0.52 0.26 
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The net conclusion was that exposure of the activated catalyst to an oxidizing environment at 
high temperatures results in rapid deactivation and sintering of the catalyst. 

With regard to catalyst deactivation, the prior field testing has clearly demonstrated that 

■ Carbon deposition results in reversible deactivation that can be restored when the carbon is 
removed. 

■ Arsenic and lead accumulate on the catalyst, but did not result in any measurable deactivation 
of the catalyst for the period tested. 

■ Mercury and selenium do not accumulate on the catalyst. 
■ Exposure of the activated catalyst to an oxidizing environment at high temperatures results in 

a significant loss of active material and sintering. 

In spite of the significant abuse to which the fixed-bed catalyst material has been subjected during 
these field testing programs, loss of catalyst activity was in general relatively small. The real challenges 
during these field testing programs has been to achieve stable continuous operation that would allow 
extended operation to improve and optimize process control, evaluate catalyst deactivation issues, and 
demonstrate commercial viability of DSRP. More detail about the previous field testing programs is 
available in the Bench-Scale Demonstration of Hot-Gas Desulfurization Technology final report. 

3.3 Laboratory Testing for Small-Scale Sulfur 
Condensation 

One of the key challenges during the previous field testing programs has typically been sulfur 
condensation eventually leads to plugging and interruption of operation. Processes and equipment that are 
typically used for commercial plants are not available at the size required for the existing DSRP pilot 
plant systems. The smaller scale of these DSRP pilot plant systems also increases any potential sulfur 
plugging problem because smaller tube and fittings have been used. Thus, some enabling process 
technology for condensation and collection is required for continuous stable pilot plant operation. The 
objective of this laboratory testing program is to develop suitable sulfur condensation processes to enable 
extended testing of DSRP. 

The first challenge was to really understand the problem. This began with a more complete 
understanding of sulfur condensation. At temperatures above 500 °C, sulfur is a gas phase species. As a 
sulfur mixture is cooled, the sulfur begins to condense. The main difference with sulfur is that the rate and 
temperature at which the sulfur condenses dramatically affects the resulting form of sulfur. If this sulfur 
mixture is cooled slowly, the sulfur condenses as a viscous black sulfur species. As the condensation 
temperature gets lower, the viscosity of the condensed sulfur decreases eventually becoming the more 
recognized yellow liquid sulfur. As the liquid sulfur cools, its viscosity starts to increase again as the 
liquid temperature approaches the melting point at 120 °C. Thus, the viscosity of liquid sulfur goes 
through a minimum at about 150-165 °C, which represents the ideal temperature range to collect a liquid 
sulfur product. 
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Based on this information, collection of maximum liquid sulfur product will require as rapid as 
possible cooling to between 150 and 165 °C. The most convenient manner of doing this in the DSRP pilot 
plan was tube-in-tube heat exchanger. The reactor effluent with the sulfur vapor would be passed through 
the inner tube. The outer tube would be filled with hot oil maintained within the ideal temperature range 
by an external hot oil bath. 

The promising feature about this approach was that any sulfur vapor condensing directly on the 
tube wall would be a free-flowing sulfur liquid. Thus, the possibility of forming any of the viscous black 
sulfur species on the tube wall was not possible. Furthermore, with a fluid layer of liquid sulfur on the 
tube wall, any viscous black sulfur that might form at the gas liquid interface would not become attached 
to the tube wall, but would be carried away from the surface. By significantly overdesigning the heat 
exchange surface necessary to remove the heat, the tube-in-tube heat exchanger would represent a perfect 
quench system for smaller scale sulfur condensation in DSRP systems. 

Although actual application of this concept was relatively successful in a laboratory system, any 
additional sulfur condensations in the transfer piping between the reactor and tube-in-tube sulfur 
condenser were eliminated by suitable heat tracing which was maintained above 350 °C, which is the 
maximum temperature at which the highly viscous black liquid sulfur has been observed to form. With 
this arrangement, all undesirable sulfur condensation upstream of the sulfur condenser could be 
essentially eliminated. 

Downstream of the sulfur condenser, plugging was observed in two locations. The first was the 
drain system for the liquid sulfur product. The key problem was the inability to maintain the optimal 
temperature for liquid sulfur collection throughout the entire drain system. Although flexible electrical 
heat tracing is convenient for wrapping the heat tracing around the components within the drain system, 
the form of heat tracing is guaranteed not to generate a uniform temperature through out the heat traced 
section. When the sulfur is being drained, there is sufficient thermal mass that these hot and cold spots do 
not cause any significant problem. However after draining, sulfur, which remains in the drain system, 
forms solid plugs at the hot and cold spots. 

This particular problem was not dealt with at the laboratory scale. Because the added safety issues 
related to collection of liquid sulfur from a pressurized system, this problem was solved after several 
iterations of operation with the pilot plant systems. The eventual solution developed for the sulfur drain is 
discussed in Section 3.6. 

The other area in which sulfur condensation was observed was at bends and areas of flow 
constriction in the low temperature piping at the end of the process. Although some of this sulfur comes 
from carryover of extremely small droplets of liquid sulfur from the condensation system, the vapor 
pressure of sulfur at the ideal sulfur collection temperature is about 0.4 psi, which over time rapidly 
accumulates into sufficient sulfur to form plugs at downstream at cooler bends or flow restrictions. 

3-6 



 3. Field Testing of Direct Sulfur Recovery Process 

3-7 

The solution to this problem was to reduce the sulfur vapor pressure to below the lowest 
temperature in the system. The obvious solution was to cool the gas stream and removed any solid sulfur 
that was formed. This presented a number of challenges. Any suitable cold surface would create an ideal 
site for condensation of the sulfur vapor into solid crystalline sulfur. This crystalline sulfur would then 
serve as nucleation sites for additional sulfur condensation. The result would be growth of a solid sulfur 
surface layer, which after sufficient time would result in a sulfur plug. 

The most reasonable solution seemed to be the use of a countercurrent water spray tower. With a 
spray tower, the water could be effectively used to cool the gas sufficiently to condense the sulfur. The 
countercurrent flow of gas and water would allow the water spray to scrub the solid particles from the 
gas. A number of variations of this concept were tested to identify the optimum gas feed and spray 
arrangement. During the course of testing this design, the pH of the water solution was identified as an 
important variable. At a pH < 6, the sulfur that accumulated in the water was sticky and would 
agglomerate creating plugging problems. By increasing the pH in the spray system to >8, any sulfur 
product generated was effectively dissolved in the spray solution. This adjustment of pH could be 
accomplished with either regular addition of sodium hydroxide or sodium carbonate. In laboratory testing, 
the sodium hydroxide was the preferred means of maintaining the pH. This resulted from the ability to use 
more concentrated solutions of sodium hydroxide, because sodium hydroxide is more soluble in water 
than sodium carbonate. 

These successful design improvements identified in this laboratory testing program were 
implemented in the DSRP pilot plant system. Startup and commissioning of this pilot plant DSRP system 
at RTI is described in the next section. 

3.4 DSRP Pilot Plant System 
The process flow diagram for the pilot plant DSRP system is shown in Figure  3-1. Many of the 

sulfur condensation concepts that were successful during laboratory testing were included in this design. 
The pilot plant DSRP can be broken down into six different sections. 

In the first section, regeneration tail gas and syngas are pre-treated. This pre-treatment includes 
barrier filters (F-510 and F-520) to remove any entrained particulates that could plug up the fixed-bed 
reactor (R-530) and gas preheating (HX-570 and HX-580). Although the HTDS and DSRP would be 
more thermally integrated in a commercial unit, installation of gas preheating equipment (HX_570 and 
HX-580) ensured that DSRP could be operated at optimal temperature conditions in spite of large heat 
loss associated with the small equipment used in this HTDS and DSRP pilot plants. 

After pre-treatment, the regeneration tail gas and syngas are mixed and feed through an upflow 
fixed-bed DSRP reactor system (R-530). This reactor is heated to the minimum reaction temperature with 
a furnace (HTR-531). The additional exothermic reaction heat increases the reactor temperature and 
effluent gas temperature to between 575 and 600ºC. 
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Figure  3-1. Process flow diagram of the DSRP. 
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A majority of the sulfur produced in the DSRP reactor is condensed in two tube-in-tube heat 
exchangers connected in series (HX-540A and HX-540B). The tube wall of these heat exchangers was 
maintained at 150ºC by circulating tempered oil with its own external heat control system. The liquid 
sulfur product is separated from the gas product in a sulfur collection pot (V-545). Because the gas/liquid 
mixture are forced to the bottom of the sulfur collection vessel (V-545) through a dip tube and the gas 
must force its way up through the molten sulfur, the liquid sulfur is effectively separated gas phase.  

The gas from the sulfur collection vessel (V-545) flows into a countercurrent spray column (V-
560). The scrubbed gas is filtered to remove any entrained sulfur particulates and/or water droplets before 
being discharged through a back pressure control valve (FCV-181). The solution in this spray column was 
circulated with means of a centrifugal pump (P-595). Introduction of a bypass with adjustable flow 
around the spray column provided superior flow control through the nozzles in the spray column. Heat 
was extracted in water cooled heat exchangers (HX-565A and HX-565B). The pH of the solution was 
controlled by injection of 0.25% sodium hydroxide solution into the top of the spray column (V-545) 
using a positive displacement metering pump. Water added to the solution in the spray column system 
from chemical reactions and/or from steam condensation from the original gas was collected in a water 
overflow vessel (V-590), which could be periodically drained. 

In order to commission the DSRP on RTI’s campus, an outdoor test site was specifically designed 
and built for this project. This site included a 50- x 60-foot concrete pad surrounded by a chain link fence 
for safety and security purposes. A 5,000- gallon polypropylene tank was included to provide “cooling 
water” for the process. The required electricity was provided by 208- and 480-volt AC, three-phase power 
wired to the site. The control room was housed inside a modified shipping container, which also served as 
a makeshift workshop, office, and gas analyzer system housing.  

Analysis of the process gases was completed using Ametek 4000 UV photometer continuous gas 
analyzers. The ROG analyzer was ranged between 0–15% SO2, but the composition was kept between 
3.5–5% during commissioning. There were two sample points on the DSRP for measuring H2S and SO2 
downstream of the reactor. These samples were taken from either downstream or upstream of the spray 
tower. The analyzer range was 0–10,000 ppm H2S and 0–2,500 ppm SO2 for these samples. 

A large inventory of compressed gases was necessary to obtain the high flow rates and extended 
operating times required. A nitrogen tube trailer provided most of the gas used during the test. A mixture 
of hydrogen and nitrogen was used to simulate the syngas. Carbon monoxide was not used for safety 
reasons and to prevent coking in the pre-heaters due to a lack of steam present in the gas. Sixteen-cylinder 
“skid packs” were used to provide the hydrogen. Two 16-cylinder “skid packs” of nitrogen were kept on 
hand as back-up while waiting to refill the tube trailer. Mass flow controllers controlled the gas flows 
entering the system. Liquid SO2 was metered through a rotameter from a pressurized vessel into a heated 
nitrogen line to simulate the ROG. Table  3-3 shows the range of flow rates and operating conditions of 
the DSRP during the test runs. 
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3.5 DSRP Pilot Plant 
Commissioning at RTI 

During the commissioning runs at RTI, the 
DSRP pilot plant was operated with reactive gases for 
a total of 119 hours and 34 minutes. The goal was to 
demonstrate improvement in operation by 
uninterrupted operation for between 24 and 48 hours. 
Figure  3-2 shows run duration during the 
commissioning tests at RTI. 

The initial ten runs were spent dealing with standard de-bugging issues encountered when starting 
up a system for the first time typically related to equipment failure and installation errors. During Runs 11 
through 15, modifications were made to specifically address operational problems. Run 16 represents the 
first successful 24-hour operation of the system. Following this success, an attempt was made to complete 
48 hours of continuous operation. Unfortunately, a 3-hour shutdown was necessary to unplug sulfur 
accumulation in the demister in the spray column. 

Operation of the spray column for the pilot plant confirmed the observations in the laboratory 
system that demonstrated a pH of >8 was required to effectively eliminate plugging of the spray system 
with sulfur. In addition, the need to maintain a gas flow rate of 300 scfh of nitrogen was necessary to 
avoid sulfur migration and plugging of the transfer line between the sulfur collection vessel and the spray 
column during standby operation. 
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Figure  3-2. DSRP commissioning tests at RTI with simulated regeneration off gas. 

Table  3-3. System Operating Conditions 
Pressure 350 psig 
Reactor Temperature 575–600°C 
Spray Tower pH 8–10 
ROG Flow 1875 SCFH 
SO2 Concentration  3.5–4% 
Syngas N2 Flow 245 SCFH 
Syngas H2 Flow 135 SCFH 
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During this commissioning effort, a number of design improvements were identified and 
implemented. However, many of these modifications were not tested prior to relocation of the DSRP pilot 
plant to Eastman. The first was replacement of the initial sulfur level indicators with an RF admittance 
sensor typically for measuring sulfur level in Claus processes. The original level sensors failed, because 
these sensors rely on differences in thermal conductivity to sense liquid level. Investigation of sensor 
failure indicated that the heat put out to measure thermal conductivity was sufficient to create a layer of 
the black viscous sulfur. This acted as an insulating layer causing a false reading. 

During the final commissioning run, the demister became plugged. This plugging is believed to 
result from accumulation of salts. These salts are carried into the demister in water droplets that 
subsequently evaporate leaving behind the salt. To overcome this problem, a second outlet path equipped 
with a demister was added to the spray column. The feed point for the 25% sodium hydroxide solution 
was also changed to purge any accumulation of salt in the demister with the sodium hydroxide solution. 

The final changes occurred in the sulfur drain system. Although the sulfur drain system worked as 
planned the first time, subsequent attempts to drain sulfur were not extremely successful. The primary 
reason for this was the electrical heat tracing used on the sulfur drain resulted in considerable variability 
in temperature throughout the sulfur drain system. To overcome the undesirable temperature variations in 
the sulfur drain, a special jacketed drain system was specially fabricated. With tempered oil in the outer 
jacket, a considerably more uniform temperature could be achieved in the sulfur drain system. This was 
the final design change made before the DRSP pilot plant was shipped to Eastman for integrated testing 
with the HTDS. 

3.6 DSRP Operation at Eastman 
After installation of the DSRP pilot plant at Eastman, this pilot plant was used to process 

regeneration tail gas from the HTDS and real coal-derived syngas for a total of 116 hours. During this 
testing, sulfur removal by the DSRP pilot plant averaged 94% for total sulfur (SO2 from regeneration tail 
gas and H2S from raw syngas) and 99.82% for SO2. Throughout this testing, the DSRP catalyst remained 
active without any indication of deactivation. Testing with the DSRP pilot plant was terminated, when 
excessive corrosion rates were discovered in the Eastman’s carbon steel waste gas header, which 
processes the tail gas from HTDS and DSRP (see Section 2.15). 

During this testing, the DSRP pilot plant was operated from 275 to 300 psig and 800 to 1,000 °F. 
The SO2 concentration in the regeneration tail gas ranged from a low of 1.9 to a high of 3.1 vol%. Based 
on these concentrations, the typical gas flow to the DSRP pilot plant was about 1200 scfh of regeneration 
tail gas and 70 scfh of syngas. The exothermic temperature rise in the reactor was ≤ 160ºF. This 
exothermic temperature rise was observed in the top sections of the catalyst bed. Little or no temperature 
rise was observed in the thermocouple in the lower potion of the catalyst bed. The effluent sulfur 
concentrations during this testing were 20 to 500 ppmv of SO2 and 1,000 to 1,600 ppmv of H2S. 
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Although some parametric testing of the ratio of syngas to regeneration tail gas was attempted 
during this DSRP pilot plant testing, no specific trends could be identified during the limited time 
dedicated to this parametric testing. 

One of the interesting facts about this testing was that a majority of the forced shutdowns were 
not related to sulfur plugging. Although the modifications implemented by RTI to improve the sulfur 
draining procedure did result in improved temperature stability in the drain system, several cold spots at 
the connection to RTI’s tempered oil jacketed piece were identified. Eastman replaced this piece with a 
completely jacketed drain system. This new system allowed sulfur to be drained in a reliable and 
reproducible manner ever time the sulfur needed to be drained. In spite of this success, the RF sulfur level 
indicator could not be made to function adequately, because of the small diameter vessel used for sulfur 
collection. 

The majority of the forced shutdowns for the DSRP pilot plant resulted from loss of either syngas 
feed or problems relating to caustic feed to the spray column. The main reason for the lost of syngas was 
blocking of the valve with liquid water. Because of the relatively small amount of syngas necessary for 
DSRP, the syngas flow to the reactor was very small. This provided plenty of opportunity for the 
saturated syngas to cool and water to condense. Because this syngas control valve was located at a low 
point to facilitate maintenance, water tended to accumulate in the valve. Eventually, this valve was 
relocated downstream of a large knockout vessel. 

Two types of problem were observed with the caustic feed to the spray tower. The first was pump 
failure. Because the pump motor was a canned motor, the solution being pumped is used to lubricate the 
bearings. Because the solution being circulated contains sulfur and other salts, bearing failure was a 
problem. For future operation, this could be avoided by using a small amount of fresh water to flush and 
lubricate the bearing. 

The second problem was a faulty reading from the pH probe. Salt species in the solution would 
plate out and coat the pH probe creating a faulty pH reading of about 7. Because of this low pH reading, 
caustic would be continuously added driving the pH of the solution over 11. At this pH, foam formation 
in the spray column would build up eventually plugging the demisters in the gas outlet. Installation of a 
second pH probe and a means of solution bypass permitting more regular maintenance of the pH probe 
without having to shut down would take care of this problem. 

More details relating to the testing of the DSRP pilot plant are provided in Eastman’s field test 
report (Appendix E). 

3.7 Exposure of DSRP Catalyst to Coal-Derived Syngas 
Because the full planned 800 hour DSRP pilot plant test could not be completed, a small canister 

of DSRP catalyst was exposed to syngas for a total of 525 hours. The catalyst used for this exposure test 
was supplied from a second charge of activated sorbent prepared at the same time as the original batch 
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used in the DSRP pilot plant. Because operational limitations, this exposure chamber was required to use 
the syngas supply for the Multi-contaminant system. Furthermore, time constraints prohibited installing 
any electrical components such as mass flow controllers or heat tracing. Consequently, the DSRP catalyst 
was exposed to coal-derived syngas at the nominal temperature in the syngas line supplied to the multi-
contaminant system of 170 to 200ºC. The flow through the exposure chamber was controlled by pressure 
differential across a needle valve. 

After the 525 hours of exposure, the exposure chamber was opened to remove the DSRP catalyst. 
The catalyst did not easily pour out of the reactor, but had to be physically scrapped out of the reactor. 
The catalyst pellets appeared to be held together by a black sticky substance. Although it was not 
anticipated, the catalyst appears to have some catalytic activity for syngas conversion at the temperature 
at which the exposure was conducted. Because the optimal operating temperature range for DSRP is 500 
to 600ºC, syngas conversion reactions, which typically occur between 200 and 300ºC, would not occur at 
normal operating temperatures. Neither the product nor potential reactions have been identified at this 
time. 

The DSRP catalyst was removed from the exposure chamber. The samples were submitted for 
element analysis. The results from this analysis are shown in Figure  3-3. From this analysis, the three 
principle elements that accumulate on the DSRP catalyst are arsenic, selenium, and mercury. Although 
mercury was observed to accumulate on the DSRP catalyst during this exposure test, the exposure test 
was conducted at roughly 200 ºC. Based on mercury sorbent development work conducted in this project 
and described in more detail in Chapter 4, mercury retention by all sorbents was observed to dramatically 
decrease with increasing temperature. Therefore, at the typical DSRP operating temperature of 
500-600ºC, mercury accumulation would probably be very small with little or not effect on catalyst 
activity. 
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Figure  3-3. Multi-element analysis of DSRP catalyst exposed to real coal-derived syngas. 

The effect of temperature on arsenic and selenium were not thoroughly investigated as part of this 
project. Because the selenium concentration is known to be relatively low, selenium accumulation will be 
extremely slow and may not significantly affect the active life of the DSRP catalyst. On the other hand, 
arsenic is present in the syngas at much higher concentrations and appears to rapidly accumulate. If the 
accumulation rate is assumed to be constant, approximately 750 µg of arsenic/g of DSRP catalyst would 
have accumulated during the actual DSRP field test. In spite of this level of arsenic accumulation, no 
significant difference in the reaction rate was observed over the course of the DSRP field test. This would 
suggest that either arsenic accumulation is significantly lower at the typical DSRP operating temperature 
or arsenic only slowly poisons the DSRP catalyst. However, additional testing under actual operating 
conditions will be necessary to fully investigate this effect. 

3.8 Conclusions 
A significant amount of progress was made in pilot plant demonstration of DSRP. The DSRP 

pilot plant was operated for a total of 116 hours with real regeneration tail gas from the HTDS and real 
coal-derived syngas. During this testing, sulfur removal averaged 94% for total sulfur removal and 
99.82% SO2 removal. The catalyst was active in spite of over 4 years of exposure to air and 
commissioning activities that spanned 2 years. During the actual testing, no decline in catalyst activity 
was observed. 
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During previous field tests, sulfur condensation was the primary cause for process shut down. The 
primary reason for this was available commercial equipment for sulfur condensation and collection was 
much too large for use in the DSRP pilot plants. Because of this, RTI and Eastman have had to develop 
sulfur condensation and collection processes that are effective for the DSRP pilot plant. Based on 
laboratory testing and development, a suitable sulfur condensation and collection system was developed. 
This system significantly reduced process shut down due to sulfur plugging and achieved reliable and 
reproducible sulfur draining. 



4. Field Testing of Mercury and Arsenic 
Removal 

4.1 Introduction 
One of the greatest challenges facing the use of coal as a viable, economic, and environmentally 

acceptable fuel is the need to effectively handle the undesirable and environmentally unacceptable 
byproducts produced. To meet this challenge, the U.S. Department of Energy (DOE) has been 
investigating the use of Integrated Gasification Combined Cycle (IGCC) as a means to utilize coal — the 
most abundant fuel in the United States — to produce a host of products ranging from electricity to value-
added chemicals, including transportation fuels and hydrogen, in an efficient and highly environmentally 
friendly manner. Although DOE’s efforts have resulted in significant progress with major contaminants 
such as sulfur, nitrogen, and chlorine, minor contaminants such as the trace metal species, which are just 
as important from both an environmental and process concern, have received much less attention. To 
address this deficiency, RTI has been actively developing sorbent-based technologies that are specifically 
designed and optimized for removing the trace metal species mercury (Hg) and arsenic (As) from syngas 
applications. DOE’s target specifications 
for power production are provided in 
Table 4-1. RTI’s primary R&D objective 
for the sorbent-based technologies was to 
meet these DOE targets for Hg and As at 
temperatures >200 °C allowing effective 
integration with the platform of warm 
gas cleaning technologies being developed at RTI. 

Table 4-1.  DOE’s Target Specifications for 
Contaminant Removal for Power Production 

Contaminant Specification 
SOx < 1.6 lbs SOx/MWh gross 
NOx < 1.6 lbs SOx/MWh gross 
Particulate matter < 0.0071 lbs/MMBtu 
Hg > 90% removal 

Gasification of coal involves both high temperature and high pressure. Under these extreme 
conditions, contaminants in coal are typically released as elemental vapors or simple molecular species. 
However, as the syngas mixture is cooled for subsequent use, thermodynamics and complex reaction 
networks involving the syngas components, contaminant species, and particulate matter result in changes 
in the gas species and their compositions. For major contaminants like sulfur, nitrogen, and chlorine, the 
species present in the syngas are relatively well-known. However, for the trace elements, the best 
information available has been provided by thermodynamic estimations in most cases. Although these 
thermodynamic computations typically do not consider any potential interactions between the 
contaminants and/or particulate matter, it is the best information available for predicting the target 
species. Syngas contaminant species predicted by various documented thermodynamic studies are 
summarized in Table  4-2, and estimated concentrations of these trace contaminants are shown in 
Table  4-3. The estimated concentration values were established on the basis of trace contaminant 
concentrations found in different coals and assumed that all contaminants were completely released into 
the gas phase. 
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Table  4-2. Potential Species Present in Coal-Derived Syngas for the Target 
Elemental Contaminants 

Element Species 
S H2S, COS, CS2 
N NH3, HCN 
Cl HCl, metal chlorides 
Hg Hg (g)1,2, Hg(CH3)2

1 
As As2 (g)1,2, As4 (g)1,2, AsH3 (g)1,2, AsS (g)2, and other FeAs species1 
Se H2Se (g)1,2 
Cd Cd (g)1, CdS (condensed)1, CdCl2 (g)1 

1 Equilibrium calculations by Diaz-Somoano (2003) at 572 to 932°F. 
2 Equilibrium calculations by Helble (1996) at 621 to 1341°F 

 

Table  4-3. Contaminant Concentrations in Coal-Derived Syngas 

Species Range of concentrations in coal Range of concentrations in syngas 
S 0.3–3.6 wt%1 750–7,000 ppmv as H2S and 25–200 ppmv as COS2 
N 1.1–1.6 wt%1 50–800 ppmv as NH3

2 
Cl 0.0032–0.37 wt%3 170–830 ppmv as HCl2 
Hg 0.02–1 μg/g3 1.3–63 ppbv4 
As 0.5–80 μg/g3 84–1,300 ppbv4 
Se 0.2–1.6 μg/g3 32–2,600 ppbv4 
Cd 0.1–3 μg/g3 11–340 ppbv4 

1 Determined in Canadian feed coals (Goodarzi, 2002). 
2 Data survey of four gasifier types as conducted by Bakker (1998). 
3 Typical concentrations in the world's coal as examined by Swaine (1990). 
4 Calculated concentrations based on elemental concentrations in coal and assuming complete vaporization. 

To meet the stated research objective, RTI performed laboratory-scale mercury and arsenic 
removal studies on a number of non-regenerable sorbent materials to determine the most promising 
candidates. Only non-regenerable sorbents were evaluated because the concentration of Hg and As in 
syngas is low enough that non-regenerable sorbents are economically competitive and regeneration would 
result in additional processing, increasing potential for environmental exposure or release of these toxic 
elements. To safely and rapidly evaluate small quantities of solid sorbents for vapor-phase mercury and 
arsenic removal from simulated coal-derived syngas under various test conditions, specialized laboratory 
fixed-bed systems were assembled. The system dedicated to mercury testing was used extensively to 
screen potential candidate Hg sorbent materials. A significant amount of knowledge was accumulated 
about temperature and gas matrix effects on the removal of elemental mercury. Similarly, the test system 
dedicated to arsenic testing assisted in the evaluation of sorbents for arsine removal from syngas at 
temperatures >200 °C. Although not originally anticipated, the arsenic testing system was also 
instrumental in assisting with the evaluation of the effect of arsenic on the RTI-3 desulfurization sorbent 
performance. The most promising sorbent materials identified were ultimately field-tested for 500 hours 
with a slipstream of real coal-derived syngas at Eastman. 
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4.2 Laboratory-Scale Mercury Removal Tests 
4.2.1 Candidate Mercury Sorbents 

The candidate sorbents studied for mercury control are listed in Table  4-4. Materials were tested 
as received, except when the size was reduced to accommodate the exposure system reactor or the 
materials were subjected to treatment with sulfur before testing. The size was reduced by grinding in a 
mortar and pestle and then sized between a No. 45 (Tyler equivalent 42 mesh) and No. 170 (Tyler 
equivalent mesh 170) standard test sieve. Sulfur treatments performed in-house involved exposing the 
materials to a simulated mixture of syngas containing nominal 1vol% H2S at elevated temperatures for a 
fixed period of time. 

4.2.2 Mercury Exposure System and Experimental Procedures 

Mercury Test System. The fixed-bed exposure testing apparatus shown in Figure  4-1 was 
assembled for testing solid sorbent candidates for mercury removal. The exposure test system was 
constructed using stainless steel, glass, or silica-lined stainless steel components, where possible, so that 
these components could be maintained at temperatures high enough to keep the mercury in the vapor 
phase but low enough to control coking during exposures involving syngas components. The main 
components of the system included a mercury permeation tube (VICI Metronics, Inc.) maintained at a 
constant temperature in the permeation oven, an exposure chamber maintained at a constant temperature 
in the tube furnace, and a backup quality control (QC) cartridge sample. The commercially available 
mercury permeation device provided the source of the mercury vapor contaminant and consisted of 
elemental mercury contained in a Teflon tube sealed at both ends with two non-permeating plugs. 
Mercury vapor permeated through the walls of the Teflon tube at a rate that was proportional to the 
surface area, temperature, and pressure inside the permeation chamber. Carrier gas, either nitrogen or 
carbon dioxide, metered at 50 mL/min with an electronic mass flow controller was used to sweep the 
vapor-phase mercury from the permeation oven through heated, 0.125-in.-O.D. stainless steel tubing to 
the exposure chamber. Syngas supplied from a compressed gas mixture was introduced into the exposure 
chamber through a 0.125-in. stainless steel compression fitting tee (syngas tee) located between the 
permeation oven and exposure chamber. The simulated syngas was metered from the compressed gas 
cylinder at 60 mL/min using an upstream reference flow controller (Condyne, Inc.). For exposures that 
included steam, the syngas was directed through two water-filled, midget impingers connected in series 
and maintained at room temperature to humidify the gas stream before entering the exposure chamber. 
Typical test gas compositions used in the mercury exposure experiments are shown in Table  4-5. 

The exposure chamber holding the fixed bed of candidate sorbent during mercury exposure 
testing was constructed from glass or stainless steel tubing (0.250 in. O.D. × 12 in. L). Both the tube 
furnace and exposure chamber were oriented vertically so that the simulated syngas containing mercury 
entered the top and exited the bottom of the chamber. Candidate sorbent beds were prepared by 
positioning a single quartz wool plug in the upper region of the chamber and adding enough sorbent on 
top of the quartz wool to produce a total bed length of 0.625 in. For most sorbents tested, this resulted in 
about 0.1-0.2 g of material, depending on the bulk density. 
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Table  4-4. Candidate Mercury Sorbents 

Sorbent Composition RTI Sample Code 
MnO2-CuO-Al2O3-LiOH NA 
ZnS-ZnTiO3 10539-94A and 94B 
Cu-ZnO-Al2O3 10539-94C 
Pt-Al2O3 10539-126F 
Pt-Ni-Al2O4 10539-151D 
Fe2O3-ZnAl2O4 10539-126C and 126B 
NiO-ZnAl2O4 10539-126A 
RTI-3 10539-110J 
V2O5-Al2O3 10891-4E 
Pt-Al2O3 monolith 10539-51A 
MoS2-Al2O3 10891-38C 
RTI-8 10539-151E 
ZnO-ZnTiO3 10539-154F 
Impregnated carbon 10891-45B 
Au-SiO2 10891-45A 
Co-CaAl2O4 10539-110I 
CoS-CaAl2O4 10539-126G 
ZnS-ZnAl2O4 10539-137H 
MnO2-CuO-Al2O3-LiOH (100) 10539-139D 
MnO2-CuO-Al2O3-LiOH (200) 10539-139E 
SeO2-SiO2-Al2O3 10539-102A 
Cr2O3-Al2O3 10539-94D 
CuO-Al2O3 10539-110E 
CuO-ZnO-ZnAl2O4 10539-110F 
CuO 10539-109E 
Fe2O3-ZnO-ZnAl2O4 10539-126D 
Cu2S 10539-109D 
MnO2 powder 10539-110G 
Cu2O powder 10539-110C 
Coconut shell charcoal NA 
CuS 10539-109F 
MnS 10539-110H 
Cu screen 10539-109A 
Fe3O4-CuO-Al2O3 10539-151F 
FeS2 10539-126E 
Pd on Al2O3 10891-4J 
Nahcolite 10891-142B 
CBV-712 treated sieve 10891-141B 
Ca-ZnO-Al2O3 10891-142A 
Fly ash 10891-164A 
S-Activated carbon 10891-165A 
CuO-ZnAl2O4 11281-144E 
Treated carbon 11281-157A 

NA = Not applicable. 
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Figure  4-1. Mercury exposure test system. 

 

Table  4-5. Typical Mercury Test Gas Compositions1 

Test Gas Designation 

Composition (nominal vol%) 

N2 CO2 CO H2 H2S Steam 
Dry nitrogen 100 0 0 0 0 0 
Dirty wet syngas 0 52 27 19 0.5 1.5 
Dirty dry syngas 0 53.5 27 19 0.5 0 
Clean wet syngas 0 52.5 27 19 0 1.5 
Clean dry syngas 0 54 27 19 0 0 
1 Theoretical amount of mercury in test gas stream was 28 ppb for screening studies and 280 ppb for capacity testing. 
 

Mercury Sampling and Analysis. Commercially available air sampling cartridges (SKC, Inc.) 
were used as QC samples. These cartridges contained a single 200-mg section of Carulite sorbent material 
and were connected to the exposure chamber outlet to perform system validation studies and monitor 
mercury breakthrough during exposure experiments. The QC cartridges were sampled in the vertical 
position and maintained at ambient temperature during sample collection. Gas sampling for elemental 
mercury vapor was performed by exposure of a QC sample to the test gas over a 30-min sampling period. 
The Carulite from the exposed QC cartridge was transferred to separate 1-dram glass vials and stored at 
room temperature until analyzed. 

The exposed Carulite samples from the QC cartridges were analyzed for mercury content using a 
DMA-80 (Milestone) direct mercury analyzer. Operation of the DMA-80 is based on releasing mercury 
from the sample matrix by combustion in an oxygen atmosphere. The released mercury is carried through 
a catalyst tube and then downstream to a gold amalgam trap where it is collected at room temperature. 
The gold trap is then heated, releasing the mercury for analysis by cold vapor atomic absorption 
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spectroscopy (CVAAS). The linear dynamic range of the DMA-80 makes this analytical system very 
effective for samples with Hg concentration ranging from about 1-5 ng up to 1,000 ng. 

During Hg capacity testing, the concentration of Hg on some of the most promising sorbents 
exceeded the linear dynamic range of the DMA-80. To handle these higher mercury loadings, the exposed 
candidate sorbents were acid-digested, and the resulting solutions were analyzed by CVAAS or cold 
vapor atomic fluorescence spectroscopy (CVAFS). 

Mercury Validation Studies. After the mercury exposure system was configured, a series of 
system validation studies were conducted to determine and verify the amount of vapor-phase mercury that 
was released by the mercury permeation tube, transferred downstream of the permeation oven, and, thus, 
made available for uptake by the candidate sorbent. The mercury permeation tube received from the 
manufacturer had only an estimated emission rate based on the permeation of elemental mercury through 
the Teflon tube. The actual emission rate of the tube was not certified by the supplier via a weight loss 
study. The validation experiments were performed by collecting duplicate QC samples at the permeation 
oven outlet, upstream of the syngas tee, over a 30-min sampling period.  

Mercury Screening and Parametric Study Procedure. Short-term mercury screening and 
parametric studies were conducted by exposing each candidate sorbent to mercury contained in either dry 
nitrogen or a syngas matrix at or near ambient pressure. For the screening studies, the permeation oven 
housing the mercury permeation tube was kept at 50 °C, and the experimental exposure temperature 
ranged from 25 to 500 °C. The sorbent was added to the exposure chamber, the glass wool plug was 
removed from the top of a new QC cartridge sample, and the QC cartridge was connected to the chamber 
outlet. This entire assembly was then connected to the syngas tee outlet, and the tube furnace, preheated 
to the desired exposure temperature, was immediately positioned around the exposure chamber. 
Candidate materials were exposed to the test gas for 30 min, and the QC cartridge was sampled for the 
entire exposure. Flow rate measurements were made periodically at the QC cartridge outlet during the 
30-min. exposure period. At the end of the exposure period, the oven was removed from the exposure 
chamber, and the chamber was disconnected from the syngas tee. The exposure chamber was allowed to 
cool to room temperature while open to room air. Once cooled, the exposed candidate material and 
Carulite sorbent from the QC cartridge were transferred to separate 1-dram glass vials. Sorbents were 
stored in the glass vials at room temperature until they were analyzed. 

Candidate mercury sorbent materials were exposed in groups. On each day that a group of 
sorbents were exposed to mercury, duplicate QC samples were collected at the syngas tee outlet to 
determine the amount of mercury released from the permeation device for that group of samples. The QC 
samples were sampled at the beginning and end of each day by connecting a QC cartridge directly to the 
syngas tee outlet for 30 min. Each QC cartridge was removed after the 30-min sampling period and 
analyzed along with the group of exposed samples. 
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Mercury Capacity Study Procedure. Long-term mercury capacity studies were conducted using 
a technique similar to that used for the mercury screening studies. Each candidate sorbent was exposed at 
or near ambient pressure to mercury contained in wet nitrogen, clean wet syngas, or dirty wet syngas. In 
the capacity experiments, the permeation oven housing the mercury permeation tube was kept at 70 °C, 
and the exposure temperature ranged from 200-380 °C. Each mercury capacity test began by connecting a 
new QC cartridge to the outlet of the exposure chamber containing the candidate sorbent. After this 
assembly was connected to the syngas tee outlet, the preheated tube furnace was immediately positioned 
around the exposure chamber, and the backup QC cartridge was sampled for 3-5 min. Flow rate 
measurements were made periodically at the QC cartridge outlet during the exposure period. The QC 
cartridge was removed at the end of the sampling period, and the Carulite sorbent was transferred to a 
1-dram glass vial. Meanwhile, the candidate sorbent material was allowed to remain in the exposure 
chamber to continue the mercury loading. Additional backup QC cartridges were collected periodically to 
monitor for mercury breakthrough. Capacity test exposures were allowed to continue uninterrupted until 
the effluent mercury-vapor concentration was ≤90% of the mercury-vapor in the feed as determined by. 
QC cartridge measurements. At this point, a final backup QC cartridge was collected, and the exposure 
was stopped by removing the tube furnace and disconnecting the exposure chamber and associated QC 
cartridge from the syngas tee. The exposed sorbent material and the Carulite from the final QC cartridge 
were transferred to separate 1-dram glass vials and were stored at room temperature until analyzed. 

4.2.3 Mercury Removal Testing Results 

One of the major challenges for developing sorbents for elemental mercury removal from warm 
syngas is the high operating temperature. As reported in a significant number of literature citations, 
mercury retention typically decreases as operating temperature increases. Although elevated temperatures 
favor faster chemisorption kinetics, these higher temperatures also favor faster desorption rates. The net 
result is weaker mercury bonding to the sorbent surface and lower mercury retention. To ensure 
maximum integration with other warm syngas technologies, the initial experimental work used 300 °C as 
a target operating temperature. However, as the true challenges for developing mercury sorbents for warm 
syngas cleaning became more apparent, this target temperature was revised to be >200 °C in subsequent 
studies. 

4.2.3.1 Mercury System Validation Studies 
Though it exists as a liquid at room temperature, elemental mercury readily vaporizes at moderate 

temperatures. Numerous instances are found in the scientific literature in which researchers configure 
exposure systems that use commercially available permeation devices based on permeation of vapor-
phase mercury through Teflon tubing at a constant rate to supply a continuous, stable source of vapor-
phase mercury. Although generating a steady source of vapor-phase, elemental mercury is fairly 
straightforward, blending and delivering the resulting mercury-containing test gas is more challenging, 
requiring careful selection of system components and operating conditions. Therefore, validation studies 
were performed on the RTI mercury exposure apparatus to quantify the amount of vapor-phase mercury 
present in the test gas entering the exposure chamber. 
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As shown in Table  4-6, the results of 
the system validation studies indicate that a 
fairly large discrepancy existed between the 
theoretical amount of mercury expected and 
the actual amount of mercury collected and 
measured. Despite modifications to certain 
system components (e.g., using silica-lined 
stainless steel tubing in place of 316 
stainless steel tubing), operating conditions 
(e.g., increasing temperature of system transfer lines), and test protocols during the course of the research, 
the QC sample results still showed a persistent bias between the theoretically expected amounts based on 
the permeation rate provided by the manufacturer and actual amounts of mercury present in the test gas. 
Although a full understanding of the reason for this discrepancy was never achieved, possible reasons 
could include (1) potential mercury sequestration by the components of the apparatus and (2) inaccuracy 
in the manufacturer’s estimation of the mercury permeation rate. 

Table  4-6. Results from Initial Mercury Validation 
Studies 

Amount per 30-min sampling period (ng) 
Recovery (%) Theoretical expected Detected 

690 287 41.6 
690 408 59.1 
690 310 44.9 
690 292 42.3 
690 392 56.8 
690 414 60.0 

Because of the bias seen in the system validation data, the exposure test system protocol was 
therefore modified to incorporate 30-min QC sampling of the mercury content in the test gas on a daily 
basis and use the results of the QC samples to calculate the amount of mercury retained on the candidate 
sorbent instead of using the expected amount based on the permeation rate supplied by the manufacturer. 
Analysis of these QC samples during testing in this project indicated that there was some drift in the 
mercury amount present in the test gas but that this drift occurred very gradually over time. 

4.2.3.2 Mercury Screening Studies Conducted in Dry Nitrogen 
To identify potential mercury sorbent candidates, over 30 metal-based, solid sorbent samples 

were screened for mercury removal in dry nitrogen. The sorbents were selected on the basis of a number 
of different factors, including surface area, predicted stability in the syngas matrix, and expected material 
costs. The main focus, however, was to identify materials that would irreversibly bind with elemental 
mercury in a fixed-bed configuration at the targeted gas cleaning temperature. In initial screening tests, 
each selected sorbent was exposed to mercury contained in dry nitrogen at 300 °C for 30 min and, in most 
instances, duplicate samples of the same material were exposed on the same day to provide an assessment 
of whether the results were reproducible. In many cases, groups of two or more materials were exposed 
on a given day. As explained in Section 4.2.3.1, QC samples of the mercury content in the test gas were 
collected daily at the beginning and end of each group of exposures to account for changes in the mercury 
amount in the test gas. 

Between the detailed results of the QC samples generated and the detailed analysis of the 
duplicate sorbent samples, a large amount of data was generated from the different mercury screening 
tests completed in this project. We discuss here only the observations, trends, and conclusions that can be 
drawn from this body of data. However, all the data has been collected into a series of tables provided in 
Appendix G. The tables with the QC results (Tables G-1, G-3, and G-5) contain individual results of 
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duplicate samples collected at the beginning and end of each exposure day, the calculated average amount 
retained for each set, and the standard deviation relative to the average (RSD) expressed as a percentage. 
The tables with the sorbent sample results (Tables G-2, G-4, and G-6) contain the amount of mercury 
retained on the exposed candidate sorbents during duplicate exposures, the average amount retained for 
the duplicate exposures, and the percentage of mercury in the test gas stream retained on the sorbent. This 
last value was calculated using the average amount of mercury collected on the QC samples over the 
30-min sampling period as an estimate of the gas-phase mercury concentration. 

The results from the screening studies in nitrogen are summarized in Figure  4-2. Figure  4-2 
shows that a surprising number of candidate sorbents retained mercury at 300 °C in nitrogen. Of the 
sorbent formulations exposed at 300 °C, 15 sorbents retained over 50% of the mercury in the test gas 
stream. Because a significant number of sorbents were found to retain mercury under these conditions, 
two sorbents, MnO2-CuO-Al2O3-LiOH and Cu-ZnO-Al2O3, were further exposed at 500 °C to determine 
whether mercury could be retained at a higher temperature. Figure  4-3 indicates that, for these two 
sorbents, the amount of mercury retained at 500 °C was significantly lower than the amount retained at 
300 °C. Additionally, the amount of mercury retained on presulfided samples of these two sorbents in 
nitrogen at 300 °C was significantly lower than the mercury retention of the unsulfided samples, as shown 
in Figure  4-4. 

4.2.3.3 Mercury Screening Studies Conducted in Wet Syngas 
A subset of the candidate sorbents that retained mercury in nitrogen at 300 °C and several new 

sorbents received after completing the nitrogen screening studies were screened for mercury removal in a 
wet syngas matrix to determine the effects, if any, of syngas components on mercury retention. As in the 
nitrogen screening studies, each sorbent was exposed twice to mercury-containing, wet syngas, and 
groups of exposures were bracketed by daily QC samples. The detailed results are provided in 
Appendix G. 

The wet syngas screening results displayed in Figure  4-5 show a significant reduction in mercury 
retention of the sorbents in the presence of a syngas mixture. None of the sorbents exposed retained 50% 
of the mercury in the wet syngas matrix at 300 °C. In fact, of all the sorbents exposed in the presence of 
wet syngas at 300 °C, only two sorbents, Pt-Al2O3 monolith and Pd on Al2O3, retained more than 15% of 
the mercury. 
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Figure  4-2. Mercury retention in dry nitrogen at 300 °C. 
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Figure  4-4. Mercury retention on unsulfided and sulfided sorbents at 300 °C. 
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Figure  4-5. Mercury retention in wet syngas at 300 °C. 

Because previous screening and documented testing had demonstrated that temperature had a 
strong effect on mercury retention, additional screening in wet syngas from 25 to 280 °C was conducted. 
Figure  4-6 shows the mercury retention of the RTI-8 sample at 150, 240, 280, and 300 °C. At 150 and 
240 °C, RTI-8 retained all of the mercury when exposed in wet syngas. At 280 °C, the mercury retention 
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Figure  4-6. Mercury retention at different temperatures in wet dirty syngas. 

These screening results demonstrate that temperature and gas matrix have a significant effect on 
mercury retention of the sorbent materials. Mercury retention is clearly favored at lower temperatures. 
Furthermore, the inhibiting effect of wet syngas on mercury retention could result from either the major 
syngas components (CO2, CO, and H2) or the minor components (steam and H2S). To gain a better 
understanding on the effects of syngas composition and temperature on mercury retention, a focused set 
of subsequent parametric exposure studies were conducted using a syngas matrix with and without H2S, 
and these parametric study results are discussed in the following section. 
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4.2.3.4 Mercury Parametric Studies 
Mercury parametric studies were performed on a number of candidate sorbents to determine the 

effect of syngas composition on mercury retention at various exposure temperatures. As in the screening 
studies, candidate sorbents in the parametric tests were exposed in duplicate and bracketed by daily QC 
samples to determine the amount of mercury in the test gas. As a general observation, the amount of 
mercury in the test gas during the parametric screening study, as determined by the QC cartridge samples, 
was similar to that measured during the nitrogen and wet syngas screening studies. The detailed results 
are provided in Appendix G. 

Parametric exposure results at 300 °C for a series of five sorbent materials (MnO2-CuO-Al2O3-
LiOH, Cu-ZnO-Al2O3, RTI-3, Fe3O4-CuO-Al2O3, and Pt-Al2O3 monolith) are summarized in Figure  4-7. 
Although small differences are observed in the mercury retention values measured in dry clean syngas 
without H2S, wet clean syngas without H2S, and wet dirty syngas with 0.5 vol% H2S, Figure  4-7 clearly 
shows that, at 300 °C, mercury retention in syngas is significantly less than that in nitrogen. Because this 
trend appeared to be general for mixed metal oxide-based sorbents, one potential explanation is that the 
major syngas components chemically reduce the metal oxide components of the sorbents, thus reducing 
the active oxide species responsible for mercury retention. This hypothesis is supported by the 
observation that neither the addition of steam nor the addition of both steam and H2S had as much of an 
impact on mercury retention as the use of syngas rather than inert nitrogen. 
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Figure  4-7. Mercury retention under different exposure conditions at 300 °C. 
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Like the other mixed metal oxide sorbents tested, the RTI-8 material could also be expected to 
suffer from a similar reduction in mercury retention in the presence of syngas. Nevertheless, the RTI-8 
sorbent still maintained a mercury retention of >40% in syngas without any H2S at 300 °C. However, if 
RTI-8 was pre-reduced before mercury exposure, the mercury retention dropped to <15% in syngas at 
300 °C. This RTI-8 result supports the hypothesis that the active phase for the mixed metal oxides is the 
oxide. 

Because the addition of H2S to the syngas mixture did appear to have some effect on mercury 
retention in Figure  4-7, exposures were also conducted on RTI-8 and the impregnated carbon samples at 
300 °C in the presence of syngas containing 9 and 41 ppm H2S. These concentration values bracket the 
anticipated H2S concentration that might be encountered downstream of a commercial bulk sulfur 
removal process for power production. Figure  4-8 compares the mercury retention in the various H2S-
containing syngas atmospheres for RTI-8 and the impregnated carbon. Essentially the same mercury 
retention was observed for all syngas mixtures for both the RTI-8 and the impregnated carbon samples. 
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Figure  4-8. Mercury retention in the presence of H2S at 300 °C. 

Figure  4-9 presents the effect of reducing temperature from 300 to 150 °C on the mercury 
retention of some of the sorbent materials in clean syngas. As the temperature decreased to 150 °C, the 
number of potential mercury sorbent candidates increased, especially for syngas environments without 
H2S. However, based on the high mercury retention they exhibited in the parametric studies, only RTI-8 
and the impregnated carbon samples were selected for the subsequent mercury capacity testing described 
in the next section. 
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Figure  4-9. Mercury retention in clean syngas at 150 and 300 °C. 

4.2.3.5 Mercury Capacity Studies 
Mercury capacity testing was performed on the two leading candidate sorbent materials — RTI-8 

and the impregnated carbon — to determine how much mercury could be retained by the sorbent before it 
became saturated and allowed mercury breakthrough. The previous screening and parametric studies done 
showed that the primary factors affecting mercury retention included temperature, reducing power of the 
gas environment, and sulfur concentration. The objective of the mercury capacity studies described in this 
section was to provide more quantitative information about the effect of these different factors on 
mercury capacity. Because mercury retention increases at lower temperatures, a majority of the mercury 
capacity testing was conducted at 240 °C to optimize both mercury retention and process integration 
options. 

A relatively large volume of data was generated by the 16 mercury capacity tests completed, and 
these data are found in Table G-7 in Appendix G. The specific information included in Table G-7 
includes sorbent tested, actual exposure details, backup QC sample results collected during the exposure, 
time between the start of the exposure and the time that the QC sample was collected, calculated 
permeation rate, actual amount detected on the QC sample, percentage of mercury retained on the sorbent 
(or removed from the gas stream by the sorbent), and the estimated mercury capacity. Expressed as a 
weight percent (wt%), the mercury capacity was calculated from the amount of mercury loaded onto the 
sorbent at the exposure time of the QC sampling that was closest to the point corresponding to 90% 
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mercury removal (or 10% mercury breakthrough) and the original weight of sorbent loaded in the 
exposure chamber. 

The mercury capacity testing results for the impregnated carbon at 240 °C are shown in 
Figure  4-10. At this temperature, the highest mercury capacity for the impregnated carbon was 0.074 wt% 
in an inert gas mixture. Its lowest mercury capacity was 0.03 wt% in a full syngas mixture containing 0.5 
vol% H2S. In syngas without any H2S, the mercury capacity was 0.045 wt%, slightly higher than that 
obtained in the full syngas mixture. These results support the observations made during screening and 
parametric testing. 
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Figure  4-10. Mercury capacity for impregnated carbon at 240 °C. 

Mercury capacity results for the impregnated carbon material in different syngas mixtures were 
also collected at 200 °C, as shown in Figure  4-11. At 200 °C, a mercury capacity decrease similar to that 
at 240 °C occurred in going from sulfur-free syngas to the full syngas mixture with 0.5 vol% H2S. Even 
the relative magnitude of the decrease was similar to that observed at 240 °C. The exciting feature shown 
in Figure  4-11 is that the mercury capacity values at 200 °C were roughly a factor of about 4 greater than 
those at 240 °C. 

To evaluate the effect of increasing temperature, a mercury capacity test at 380 °C was completed 
in an inert N2/CO2 mixture for the impregnated carbon material. The mercury capacity at these conditions 
was 0.017 wt%. Although this value was roughly a factor of four lower than the mercury capacity at 
240 °C, the temperature was increased by 140 °C compared to the temperature decrease of 40 °C between 
the results at 240 and 200 °C. This result suggests that, although the mercury capacity of impregnated 
carbon decreased with increasing temperature, the most significant change appeared to occur between 200 
and 240 °C. 
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Figure  4-11. Mercury capacity for impregnated carbon at 200 °C. 

Because of equipment design issues and the original testing conditions established, the mercury 
capacity testing was performed at a gas hourly space velocity (GHSV) of 30,000 h-1, which is relatively 
high for fixed-bed materials. At this high GHSV, mass transfer limitations could potentially limit mercury 
retention to only the surface layer of the sorbent. To evaluate mercury capacity at a more appropriate 
GHSV for fixed-bed applications, a mercury capacity test was completed for impregnated carbon at 
200 °C in a sulfur-free syngas mixture at 5,000 h-1. The mercury capacity obtained at this lower GHSV 
was 0.17 wt%, which was almost identical to the mercury capacity result obtained at a 30,000 h-1 GHSV. 
Therefore, mercury retention on the impregnated carbon is not mass transfer-limited, but it is probably 
limited to the carbon surface. 

Compared to the impregnated carbon material, RTI-8, the other leading candidate sorbent, 
demonstrated significant differences in mercury capacity. The mercury capacity results for RTI-8 in 
various gas mixtures at 240 °C are shown in Figure  4-12. The highest mercury capacity was 0.001 wt% in 
an inert gas mixture. The lowest mercury capacity was observed in the full syngas mixture with 0.5 vol% 
H2S. In fact, the actual mercury capacity value at these conditions was essentially zero because mercury 
broke through the RTI-8 sorbent bed before a backup QC sample could be collected. In sulfur-free 
syngas, though, the mercury capacity of RTI-8 at 240 °C was 0.0006 wt%. These results demonstrate that 
sulfur concentration had a much larger detrimental effect on mercury capacity of the RTI-8 material than 
on that of the impregnated carbon. In contrast, the relative change in the Hg capacity between an inert gas 
and sulfur-free syngas was very similar for these two materials. 

4-17 



 4. Field Testing of Mercury and Arsenic Removal 

0

0.0002

0.0004

0.0006

0.0008

0.001

0.0012

Inert Gas Wet Clean Syngas Wet Dirty Syngas

W
ei

gh
t C

ap
ac

ity
 (

%
)

Condition  
Figure  4-12. Mercury capacity for RTI-8 at 240 °C. 

Additional mercury capacity testing on the RTI-8 material was conducted at 200 °C. At this 
temperature, the mercury capacity of RTI-8 in an inert N2/CO2 mixture was 0.0018 wt%, which was 
almost two times higher than that measured at 240 °C. This capacity increase was lower than the fourfold 
increase observed for the impregnated carbon material when temperature decreased from 240 to 200 °C. 
This observation suggests that the RTI-8 material and, possibly in general, mixed metal oxides could 
experience a much lower decrease in mercury capacity than the impregnated carbon when temperature is 
increased from 200 to 300 °C. 

A mercury capacity test for the RTI-8 material was also conducted at 200 °C in a sulfur-free 
syngas mixture at a GHSV of 5,000 h-1 to determine whether mass transfer limitations were limiting 
mercury capacity at the higher 30,000 h-1 GHSV. The mercury capacity at this lower GHSV was 
0.075 wt%. Although a mercury capacity test for the RTI-8 material was not performed at exactly the 
same conditions at the 30,000 h-1 GHSV, the mercury capacity at the lower GSHV was one to two orders 
of magnitude higher than the mercury retention in an inert gas mixture at the same temperature. This 
result indicates that, for the RTI-8 material, the ability to interact with the mercury extends into the bulk 
of the material and lower GHSV values are thus required to effectively utilize this sorbent. 

The highest mercury capacity was achieved with the impregnated carbon material. In a full 
syngas mixture with 0.5 vol% H2S at 200 °C, the impregnated carbon had a mercury capacity of 0.11 
wt%. This capacity increased slightly to 0.18 wt% in a sulfur-free syngas. The mercury capacity of the 
impregnated carbon was almost identical at GHSVs of 5,000 and 30,000 h-1. The mercury capacity of the 
impregnated carbon material was also observed to decrease significantly in raising the temperature from 
200 to 240 °C. In contrast, the RTI-8 material had much lower mercury capacities. RTI-8 had a mercury 
capacity of 0.006 wt% in a sulfur-free syngas at 240 °C but essentially no mercury capacity in a full 
syngas mixture with 0.5 vol% H2S. Although mercury capacity of RTI-8 did increase as temperature was 
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reduced from 240 to 200 °C, the relative magnitude of this capacity increase was smaller than that for the 
impregnated carbon over this same temperature span. The mercury capacity of the RTI-8 material also 
increased significantly at lower GHSV. 

Based on the capacity tests, at least two materials were identified as promising mercury sorbents 
for warm syngas cleaning. The most promising candidate was an impregnated carbon material because of 
its higher mercury capacity and ability to work in a full syngas mixture containing 0.5 vol% H2S. The 
second promising candidate was the RTI-8 material, which had a lower capacity and required low-sulfur 
to sulfur-free syngas and a low GHSV for maximum effectiveness. 

4.3 Laboratory-Scale Arsenic Removal Tests 
4.3.1 Candidate Arsenic Sorbents 

Candidate sorbents investigated for removal of arsine are listed in Table  4-7. As with the mercury 
sorbents, the candidate materials for arsine removal were tested as received, except when the size of the 
material was reduced by grinding in a mortar and pestle to accommodate the exposure system reactor. 
The ground material was then sized using a No. 45 (Tyler equivalent 42 mesh) and No. 170 (Tyler 
equivalent mesh 170) standard test sieve before testing. 

Table  4-7. Candidate Arsine Sorbents 

Sorbent RTI Sample Code 
RTI Arsenic Sorbent A 10891-84E 
RTI-8 10539-151E 
Süd-Chemie Sample A 11404-10A 
RTI-3 10539-110J 
CuO-ZnO-ZnAl2O4 10539-110F 
Süd-Chemie Sample H 11404-11B 
Süd-Chemie Sample I 11404-11F 
Süd-Chemie Sample J 11404-10C 
Süd-Chemie Sample K 11404-11A 
Pd-Al2O3 11644-142C 
gamma- Al2O3 11404-119A 
Süd-Chemie Sample G 11404-128B 
RTI-9E 11404-172D 
Süd-Chemie Sample B 11404-11D 
Süd-Chemie Sample CB 11404-188J 
Süd-Chemie Sample D 11404-188G 
Süd-Chemie Sample E 11404-188F 
Süd-Chemie Sample CA 11404-188J 
Süd-Chemie Sample F 11404-188I 
Commercial Sorbent A 11644-6C 
Commercial Sorbent B 11644-12A 
Commercial Sorbent C 11644-32C 
Süd-Chemie Sample L 11644-136C 
CBV-712 treated sieve 11644-101C 
Na2HCO3 11644-174B 
Na2CO3-Na2HCO3 11644-182C 
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4.3.2 Arsine Exposure System and Experimental Procedures 

Arsine Test System. A schematic of the arsine exposure system is shown in Figure  4-13. The 
main system components included the arsine gas mixture, a six-port, two-position valve (VICI, Inc.), an 
exposure chamber, and the backup QC cartridge sample. The arsine gas mixture was supplied from a 
certified, compressed gas mixture containing 50 ppm arsine in H2 (Scott Specialty Gases, Inc.). The 
source gas was metered at 20 mL/min using a variable restrictor flow controller. Other simulated syngas 
components (CO and CO2) were supplied by another compressed gas mixture. This flow, metered at 80 
mL/min with an upstream reference flow controller (Condyne, Inc.), was either blended directly with the 
arsine gas mixture stream or directed through two water-filled impingers maintained at room temperature 
and then blended with the arsine gas mixture before entering the six-port valve. Typical test gas 
compositions generated for the arsine exposure tests using this arrangement are shown in Table  4-8. Dry 
nitrogen metered at 20 mL/min was supplied to the standby side of the valve to provide a sweep gas for 
purging the system during standby periods. 
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Figure  4-13. Arsine exposure test system. 
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Table  4-8. Typical Arsine Test Gas Compositions1 

Test Gas Designation 

Composition (nominal vol%) 

CO2 CO H2 H2S Steam 
Clean wet syngas 51.5 27.0 19.0 0.0 2.5 
Dirty wet syngas 51.0 27.0 19.0 0.5 2.5 
Modified dirty wet syngas 11.2 38.5 47.0 0.8 2.5 
1 Theoretical amount of arsine in test gas stream was 10 ppm. 

The six-port valve was configured with six 0.125-in. ports, allowing the system to be placed in 
either exposure mode or standby mode without changing plumbing connections. Flow diagrams for the 
exposure and standby modes are shown in Figure  4-14. The valve was maintained at nominal 100 °C 
using a heated enclosure. All transfer lines leading into and out of the valve were constructed from 0.125-
in.-O.D. stainless steel tubing. Like the valve, these lines were kept at nominal 100 °C by using heat tape. 
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Figure  4-14. Six-port valve flow diagram on the arsine exposure test system. 

The exposure chamber holding the fixed bed of candidate sorbent during arsine exposure was 
constructed from stainless steel tubing (0.250 in. O.D. × 12 in. L). A tube furnace was used to maintain 
the chamber at the desired exposure temperature. Both tube furnace and exposure chamber were oriented 
vertically so that the simulated syngas containing the arsine entered the top and exited the bottom of the 
chamber. Candidate sorbent beds were prepared by positioning a single quartz wool plug in the upper 
region of the chamber and adding enough sorbent on top of the quartz wool to produce a total bed length 
of 1 in. For most sorbents tested, this resulted in about 0.3-0.4 g of material, depending on material bulk 
density. 

To prepare the system for exposure tests, the six-port valve was placed in the standby position, 
and the flow of simulated syngas was started. The syngas flow was adjusted to 80 mL/min, as measured 
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at the outlet of the primary scrubber. The flow of arsine/hydrogen was then started and adjusted to 20 
mL/min, resulting in a total flow of 100 mL/min measured at the primary scrubber outlet. To start an 
exposure test, a QC cartridge was connected to the outlet of the exposure chamber containing the sorbent, 
and this assembly was installed in the exposure test system. While the six-port valve remained in the 
standby position, the exposure chamber and QC cartridge were preheated for 30 min. Dry nitrogen 
supplied to the standby side of the valve was used to purge room air from the exposure chamber and QC 
cartridge while these components were being heated. After 30 min, the six-port valve position was 
switched from standby to exposure mode to direct the arsine-containing syngas flow through the exposure 
chamber and QC cartridge. The flow was measured at the primary scrubber outlet periodically during the 
exposure.  

For safety reasons, the flows of simulated syngas and arsine/hydrogen were stopped at the end of 
each day. Dry nitrogen metered at 10 mL/min was introduced to the exposure side of the valve, and this 
flow, along with the house nitrogen supplied to the standby side of the valve, was used to keep all 
components of the system purged during overnight standby periods. 

Arsenic Sampling and Measurment. The QC cartridge was constructed from 0.375 in. O.D × 2 
in L stainless steel tubing. Each QC cartridge was prepared immediately before use by positioning a 
quartz wool plug at the bottom of the cartridge. Initially, charcoal was used as the sorbent in the QC 
cartridges for testing in nitrogen/inert gas mixtures. However, arsenic collection on charcoal was found to 
be affected by several components in syngas mixtures. Eventually, Carulite (SKC, Inc.) was identified as 
an effective sorbent for arsenic in syngas mixtures. Approximately 0.8 g of Carulite was added to each 
QC cartridge used during arsine exposure tests. The QC cartridges were sampled in the vertical position 
and preheated to nominal 220 °C by heat tape before QC sample collection. The sorbent was removed 
from the QC cartridge after a 30-min sampling period. After a 30-min exposure period for a QC cartridge, 
the six-port valve position was changed from exposure to standby, and the exposure chamber and QC 
cartridge were purged with nitrogen. The nitrogen was flowed for 10 min to purge residual arsine from 
the chamber and QC cartridge. Once purged, the QC sorbent from the QC cartridge was transferred to 
separate 1-dram glass vials. Sorbents were stored in the glass vials at room temperature until they were 
analyzed.  

At the end of an exposure test, this purge procedure was implemented while the system was 
cooled. When the system was cooled, the exposed candidate material was transferred to separate 1-dram 
glass vials. Sorbents were stored in the glass vials at room temperature until they were analyzed.  

These exposed samples were analyzed for arsenic content by inductively coupled plasma atomic 
emission spectroscopy (ICP-AES). To prepare the QC sorbent for analysis, the entire sample amount was 
transferred to a 50-mL centrifuge tube, and 10 drops of deionized water were added to the centrifuge tube, 
along with 2 mL of Unisolv and 0.5 mL of nitric acid. The final volume was adjusted with deionized 
water, and the resulting solution was then analyzed using ICP-AES to obtain the amount of arsenic 
retained on the QC sample. 
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Arsine Validation Tests. Before starting the sorbent exposure experiments, a series of validation 
studies were done on the arsine test system to determine the amount of arsine that passed through the 
exposure chamber in a given time period. For the validation tests, QC cartridges containing coconut shell 
charcoal (SKC, Inc.) were used to sample test gas at the outlet of an empty exposure chamber heated to 
150 °C. Arsine and hydrogen, supplied by the compressed gas cylinder and metered at 20 mL/min, were 
mixed with either nitrogen or a combination of syngas components using the heated syngas tee before 
entering the empty exposure chamber. The charcoal was removed from the QC cartridge after a 30-min 
sampling period.  

Arsine Screening Study Procedure. Short-term arsine screening studies were conducted by 
exposing each candidate sorbent to arsine contained in a humidified, simulated syngas matrix. The 
experimental exposure temperature ranged from 200 to 250 °C in these screening studies. The typical 
exposure time for these screening tests was 30 min. After these 30-min exposures the system was purged 
with nitrogen and the exposed candidate sorbent and QC sorbent were removed and transferred to 
separate 1-dram glass vials. These samples were stored at room temperature until analyzed.  

Arsine Capacity Study Procedure. Long-term arsine capacity studies were conducted at an 
exposure temperature of 250 °C. The capacity tests were started by installing the exposure chamber and a 
fresh QC cartridge in the exposure system and exposing the material to arsine-containing syngas for 30 
min. After this exposure time, the QC cartridge was cooled and removed using the nitrogen purge 
procedure previously described. The tube furnace, however, was allowed to remain around the exposure 
chamber at exposure temperature while the QC cartridge was cooled. (The candidate material was purged 
with dry nitrogen while heated during the 10-min QC cartridge cooling period due to the fact that the six 
port valve was maintained in the standby position.) After the Carulite sorbent was removed, the empty 
QC cartridge (containing quartz wool only) was reinstalled in the exposure system and preheated. After 
approximately 10 min, the six-port valve position was changed from standby to exposure mode to expose 
the candidate sorbent to additional amounts of arsine. At the end of an exposure day, the six-port valve 
was switched to standby, and the syngas and arsine/hydrogen flows were stopped. The candidate sorbent 
was purged with dry nitrogen and maintained at the exposure temperature while in the exposure chamber 
during overnight standby periods. 

Additional backup QC cartridges were usually collected once per day to monitor for arsenic 
breakthrough. Capacity test exposures were allowed to continue, with nominal exposure periods of 
approximately 8 hours per day, until the effluent concentration determined by QC cartridge measurements 
was ≤90% of the feed concentration or sorbent capacity exceeded 5 wt%. At this point, a final backup QC 
cartridge was collected, and the exposure test stopped. The exposed sorbent material and the sorbent from 
the final QC cartridge were transferred to separate 1-dram glass vials and were stored at room temperature 
until analyzed. 
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4.3.3 Arsenic Removal Testing Results 

Like existing commercial mercury sorbents, commercial sorbents for removing arsine from 
process gas streams work at temperatures that are much lower than the desired temperature for warm 
syngas cleanup systems. Because of the desire to effectively integrate trace contaminant control in warm 
syngas cleaning, a similar testing process used for mercury was adopted for arsenic. As in the case of the 
mercury sorbents, the target temperature for potential arsenic sorbents was >200 °C. 

4.3.3.1 Arsine System Validation Studies 
Because arsine was supplied from a gas mixture containing a fixed concentration of arsine (50 

ppmv), a relatively accurate estimate of the arsine concentration in the feed gas was calculated based on 
flow rates. However, the ability of the test system to adsorb arsine will tend to decrease the actual arsine 
concentration in the syngas entering the exposure chamber. Furthermore, the effectiveness of the selected 
sorbent to capture arsine also affects our ability to monitor the concentration of arsine in the test gas 
mixture. Therefore, a series of validation studies were performed on the test apparatus described in 
Section 4.3.2 to determine the amount of arsine entering the exposure chamber.  

Table 4-8 shows results from this validation testing. In Table 4-9, the percent recovery column 
refers to the amount of arsenic recovered from the QC sorbent sample compared to the full amount of 
arsenic feed to the system based on the amount and concentration of the arsine mixture fed to the system. 
The information in Table 4-8 leads to a number of conclusions. If the system is assumed to be fully 
saturated with arsenic, the maximum effectiveness of the sorbent to recover arsenic from the gas is 
roughly 80% in dry inert gas mixtures. Composition of the gas mixture significantly affects the 
effectiveness of the QC sorbent to recover arsenic from the gas. Early validation tests indicated that the 
presence of water vapor reduced the collection efficiency of arsine on the charcoal in clean syngas. To 
minimize this effect, two drying agents were evaluated to selectively remove the water vapor from the gas 
stream between the exposure chamber and the QC cartridge. The results for Sample Code 11404-45A in 
Table  4-8 show that silica gel reduced the water vapor content of the gas sufficiently to achieve an arsenic 
collection efficiency close to that obtained in dry gas mixtures.  

Even though this arrangement increased the setup time for material exposures and added to the 
total number of samples submitted for arsenic determinations, this was the protocol implemented to 
determine the arsine concentration in effluent gas samples from the exposure chamber during sorbent 
testing.  

QC cartridge samples were collected at the outlet of an empty exposure chamber each day prior to 
the start of material exposures. Results from this daily QC cartridge provided regular confirmation that 
the arsine concentration being delivered in the test gas was at the targeted concentration. This protocol 
provided confidence that a sorbent sample was being exposed to a known concentration of arsine and that 
meaningful interpretations could be drawn from this arsine testing work. 
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Table  4-9. Arsine System Validation Results in Clean Wet Syngas 

Sample code 

Amount detected (µg) Recovery 
(%)1 

Test gas composition (vol%) 

Front Back Total N2 CO2 CO H2O H2 
11404-36E 80.4 1.50 81.9 81.9 78 - - 2.0 20 
11404-31C 58.4 25.5 83.9 83.9 - 52 28 - 20 
11404-31E 29.7 7.10 36.8 36.8 - 50 28 2.0 20 
11404-40A 62.5 10.6 73.1 73.1 - 80 - - 20 
11404-41C 35.8 6.00 41.8 41.8 - 78 - 2.0 20 
11404-43A2 38.8 8.40 47.2 47.2 - 52 28 2.0 20 
11404-45A3 72.7 10.4 83.1 83.1 - 52 28 2.0 20 

1 Theoretical loading for the 30-min sample collection period was 100 µg. 
2 Drierite desiccant was placed between exposure chamber outlet and QC cartridge. 
3 Silica gel desiccant was placed between exposure chamber outlet and QC cartridge. 

This testing protocol provided an almost immediate payback, when the recovery efficiency of 
arsine on the charcoal QC cartridge sorbent was observed to be drastically reduced by the presence of H2S 
in the test gas stream. Rather than put sorbent screening tests on hold, the initial tests performed on an 
empty chamber at the beginning of each day were used to test potential QC sorbent candidate materials. 
Because the available testing with sulfur-free syngas had demonstrated that the arsine concentration in the 
feed gas to the exposure chamber could be reliably estimated from the flow rate and composition of the 
arsine gas mixture, sorbent screening could proceed while a better QC sorbent was identified. 

 After exhaustive experiments with different QC cartridge sorbents, it was experimentally 
determined that Carulite, which was the same material used in the mercury QC cartridges, provided 
acceptable results when the cartridge was heated to nominal 200 °C during sample collection. This QC 
sorbent managed to achieve approximately 80% recovery of the arsenic in the test gas based on flow rate 
and composition of the arsine mixture feed regardless of the composition of the test gas. This became the 
accepted QC sorbent and sampling protocol for testing simulated syngas mixtures containing arsine.  

4.3.3.2 Arsine Screening Studies 
Initial screening tests were performed by exposing several mixed metal oxide sorbents along with 

a proprietary RTI Arsenic Sorbent A to arsine in sulfur-free syngas mixture at 250 °C. Two separate 
aliquots of each material were exposed to the test gas to determine the amount of arsine retained. Detailed 
results from these screening tests are provided in Table G-8 in Appendix G. The total theoretical loading 
for each exposure was 100 µg based on the flow rate and composition of the arsine gas mixture. As 
shown in Figure  4-15, the results from the screening study with sulfur-free syngas at 250 °C were 
encouraging because a large portion of the candidates removed essentially all of the arsine. As confirmed 
by the results of the duplicate exposures, the arsine retention measured on these materials was 
reproducible. 
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Figure  4-15. Arsine retention in wet clean syngas at 250 °C. 

Figures  4-16 and 4-17 show the arsenic screening results at 250 and 200 °C, respectively, with 
the full syngas mixture containing 0.5 vol% H2S. Detailed results of these tests are found in Tables G-9 
and G-10 in Appendix G. A surprising number of candidate sorbents retained arsine at 250 °C under this 
H2S-containing syngas mixture environment. In fact, all of the mixed metal oxide combinations 
quantitatively retained arsine, except for the Li4SO4 material. More interestingly, one of the leading 
mercury sorbent materials, RTI-8, retained a significant portion of the arsine in the test gas steam. This 
experimental observation marked the first confirmation of possible multi-element applications for trace 
contaminant removal. As a result, RTI-8, as one of the most promising trace contaminant sorbent 
candidates, was selected for further investigation in the arsenic capacity studies discussed in the next 
section. 
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Figure  4-16. Arsine retention in wet dirty syngas at 250 °C. 
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Figure  4-17. Arsine retention in wet syngas at 200 °C. 

 

4-27 



 4. Field Testing of Mercury and Arsenic Removal 

4.3.3.3 Arsine Capacity Studies 
Arsine capacity testing was performed on the RTI-8 material to determine how much arsine could 

be retained on the sorbent before it became saturated and allowed contaminant breakthrough. The RTI-8 
material was exposed to arsine at 250 °C in both a sulfur-free syngas and a full syngas mixture having 
0.5 vol% H2S. The arsenic capacity differences for the RTI-8 material were >1.35 wt % in sulfur-free 
syngas and 0.22 wt % in the H2S-containing syngas. This result demonstrates that sulfur had a very strong 
effect on arsenic retention for RTI-8. Detailed results of these arsine capacity tests on RTI-8 are provided 
in Appendix G. 

4.4 Mercury and Arsenic Sorbent Testing with Real 
Coal-Derived Syngas 

After the completion of the arsine capacity tests, all subsequent laboratory development of 
mercury and arsenic sorbent materials for warm syngas cleaning were performed under another program, 
DOE Cooperative Agreement DE-AC26-05NT42459. However, all subsequent pilot-plant and field-test 
activities with real coal-derived syngas were completed under this project, DOE Contract DE-AC26-
99FT40675. This definition of R&D scope for these two projects was important to clearly identify the 
roles and responsibilities of each project. 

One reason this clarification was necessary was associated with the experimental results 
demonstrating that the desulfurization sorbent, RTI-3, effectively removed arsenic from syngas at 
elevated temperatures. This was first identified during arsine screening tests conducted under this project 
and reported in the previous sections. This information was also confirmed by analysis of RTI-3 sorbent 
exposed to real coal-derived syngas collected during HTDS pilot plant testing at Eastman.  

During the development and previous testing of RTI-3 for desulfurization of syngas, the effects of 
the trace contaminants on the sorbent and its desulfurization performance were never tested. This gap of 
knowledge and the difficulties encountered with regeneration during the initial HTDS pilot plant testing at 
Eastman had the potential of being connected. Because of the importance of successfully demonstrating 
the desulfurization technologies at pilot plant scale with coal-derived syngas at Eastman, several key tests 
were conducted to evaluate this possibility.  

The first test was an analysis of a sample of sorbent material obtained from the HTDS pilot plant 
after exposure to real coal-derived syngas at Eastman. The results from this analysis are shown in Table 
4-8 and indicate that the only element with any significant accumulation on the RTI-3 was arsenic. 
Additional testing of this RTI-3 sample obtained after exposure to coal-derived syngas at Eastman was 
tested using a thermogravimetric analyzer. Comparison of results for this sample with results from a fresh 
RTI-3 sample indicated that the regeneration of the fresh and the sorbent tested with coal-derived syngas 
were not identical. Based on these results, there was a possibility that arsenic present in the raw syngas 
was accumulating on the RTI-3 sorbent and adversely affecting the regeneration kinetics. A solution for 
this problem would be to remove the arsenic in a guard bed upstream of the HTDS.  
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However, this limited information did not rule out the possibility that the troubles associated with 
regeneration in the HTDS might also result from other regeneration issues. With a focus on successfully 
demonstrating operation of the HTDS, the decision made was to implement the key modifications that 
would solve the issues plaguing the HTDS regenerator (see Section 2.4). One of these modifications was 
to install a guard bed for arsenic upstream of the HTDS pilot plant. Accomplishing this objective required 
accelerating the arsenic sorbent development program focusing on sorbents suitable for removing arsenic 
at temperatures > 200ºC from raw syngas containing H2S. The goal was to develop a suitable sorbent 
material to use in an arsenic guard bed for the HTDS system. This R&D effort was to be completed with 
sufficient time to have a commercial batch of the sorbent to load into this guard bed before the start of the 
second HTDS testing campaign at Eastman in the fall of 2005. All the laboratory sorbent development 
work with simulated syngas was conducted on DOE Cooperative Agreement DE-AC26-05NT42459.  

4.4.1 Small Slipstream Testing of Arsenic Sorbents 

To minimize the risk associated with the sorbent loaded in the arsenic guard bed for HTDS, a 
small slipstream exposure test with real coal-derived syngas at Eastman was conducted with the three 
most promising sorbent candidates. This slipstream testing also provided the opportunity to rank the 
arsenic sorbent materials. The most promising candidate was loaded in the arsenic guard bed upstream of 
the HTDS. The second most promising sorbent was loaded in the arsenic sorbent bed in the multi-
contaminant test system described below.  

The three most promising sorbent candidates were tested in this slipstream test at Eastman using a 
small exposure system built specifically for this test. Because it was to be installed in an area with Class 1 
Div 2 electrical classification, this test system had no electrical components. As shown in the P&ID in 
Figure  4-18, the slipstream system consisted of essentially three exposure chambers, each of which was to 
hold one of the three sorbent candidates. A consistent flow of about 5 slpm was maintained by keeping a 
fixed pressure drop across the system. Adjustment of this pressure drop was accomplished with a needle 
valve. 
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Figure  4-18. P&ID for small slipstream test system for arsenic sorbents with coal-derived syngas. 

After installation at Eastman, the slipstream test unit was exposed to real coal-derived syngas for 
a total of 100 hours. Upon the system’s return to RTI, exposed sorbent was extracted from each exposure 
chamber as 10 samples that were representative of axial position along the exposure chamber. The arsenic 
analysis results from these samples are presented in Figures  4-19 through 4-21 and confirm the results 
obtained in the laboratory with simulated syngas mixtures. This information, along with additional 
information about the effects of the sorbent on the syngas mixture (this additional information was 
collected under DOE Project DE-AC26-05FT42459), was used to identify RTI Arsenic Sorbent A as the 
most promising sorbent material for the arsenic guard bed to be installed upstream of the HTDS pilot 
plant. Commercial Sorbent A was the second most promising arsenic sorbent candidate identified and was 
selected as the arsenic sorbent that was used in the pilot-plant Multi-Contaminant Control skid to provide 
as much field testing of the potential arsenic sorbents as possible. 
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Figure  4-19. Arsenic retention on RTI Arsenic Sorbent A exposed to real 

coal-derived syngas using small-scale exposure system. 
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Figure  4-20. Arsenic retention on Commercial Sample A exposed to real coal-

derived syngas using small-scale exposure system (100 h). 
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Figure  4-21. Arsenic retention on Süd-Chemie Sorbent A exposed to real 

coal-derived syngas using small exposure system (100 h). 

 

4.4.2 Coal-derived Syngas Testing in Multi-contaminant Control Skid  

As part of the objective to advance the warm syngas cleanup technologies, a pilot-plant Multi-
contaminant Control skid was designed, built, installed, and operated with a syngas slipstream from 
Eastman’s commercial coal gasification facility to test the ability of a series of sorbents to remove 
ammonia, mercury, and arsenic. Specific objectives for this test included exposure of a series of sorbent 
materials for ammonia, arsenic, and mercury to about 500 scfh of a coal-derived syngas stream at 200 °C 
and ~850 psig for 500 hours. Target removal for which the skid was designed was >90% of the arsenic, 
ammonia, and mercury from the syngas slipstream. This skid was tested in February 2008. Additional 
information about this test is provided in Chapter 4 of Eastman’s field test report (Appendix E).  

As shown by the simplified block flow diagram of the Multi-contaminant Control skid in 
Figure 4-22, the skid was designed for the syngas to pass sequentially through a series of vessels 
containing different sorbent materials. The key sorbents from the warm syngas cleanup platform in this 
Multi-contaminant Control skid included 

■ Regenerable fixed-bed of acidic adsorbent for NH3 removal (CBV-712) 
■ Disposable fixed-bed sorbent for As removal (RTI arsenic sorbent A) 
■ Disposable fixed-bed sorbent for Hg removal (Impregnated Carbon) 

In addition to these sorbent materials, a number of other sorbent materials were also used in the Multi-
contaminant Control Skid. These sorbent materials and their function are provided in Table  4-10.  

The G-72D sorbent, which is a commercially available sulfur guard bed material made by Sud 
Chemie, Inc., was incorporated for desulfurization. The available testing with Hg sorbents at the 
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beginning of design for this system indicated that the presence of sulfur in the sygnas significantly 
reduced Hg capacity. Because the feed stream for the Multi-contaminant Control Skid was raw syngas at 
200ºC with no sulfur treatment, a series of desulfurization beds were included in the design to ensure 
optimal testing conditions for Hg sorbent materials. Although G-72D is a commercial sulfur guard bed 
material, it is typically used to polish sulfur streams with ≤1 ppmv of sulfur. Because the syngas 
slipstream provided by Eastman typically contained 6,000-8,000 ppmv of sulfur, two stages of 
desulfurization were used to reduce the sulfur concentration to <50 ppbv. A bulk desulfurization bed was 
used to reduce the sulfur in the raw syngas to <500 ppmv; the polishing bed then reduced the effluent 
sulfur to below 50 ppbv. With only limited available information about the desulfurization performance 
of G-72D under the non-standard operating conditions, estimates were made for the sulfur capacity, and 
multiple bulk desulfurization guard beds were installed for a 500-hour test. Other key design features for 
the Multi-contaminant Control Skid were (1) each sorbent vessel could be valved out of the process in the 
event of plugging in a single bed without having to terminate the test, (2) sample ports were included 
upstream and downstream of all sorbent beds, and (3) a small sorbent vessel for the lithium silicate 
sorbent was included, permitting real coal-derived syngas exposure.  
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Figure  4-22. Block flow diagram for Multi-contaminant Control skid. 
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Table  4-10. List of Specific Materials Loaded in Vessels in Multi-contaminant Skid 

Vessel Sorbent Function 
V-100 Lithium silicate High-temperature CO2 removal 
V-200 Commercial Sorbent A Arsenic removal 

V-301, V-302, V-303, V-304 G-72D Bulk sulfur removal 
V-400, V-401, V-402 CBV-712 Ammonia removal 

V-501 G-72D Polishing sulfur removal 
V-502 Impregnated carbon Mercury removal 

When this unit was originally designed and built, sufficient sample ports were installed on the 
skid to permit syngas sampling before and after each sorbent bed. Although Figure  4-22 does show 
multiple sample points, these are only a fraction of the sample points installed. The specific sample points 
shown in Figure 4-22 were dedicated to gas sampling for measurement of sulfur and ammonia using gas 
chromatographic equipment. During Eastman’s final Design Hazard Review (DHR) for the Multi-
contaminant Control skid, the sampling points assigned to use solid sorbent samples for determining As 
and Hg concentration in the syngas were identified as potential syngas emission sources. Implementing 
this sampling would require meeting Class 1 Division 2 electrical classification. Because the Multi-
contaminant Control skid was not designed to meet this electrical classification, a decision was made not 
to use these sample points and, instead, to rely on post-test analysis of the sorbent samples to determine 
the fate of mercury and arsenic. 

Another issue identified during the DHR was the Multi-contaminant skid’s maximum pressure 
rating. Eastman’s established safety practices were slightly more stringent than RTI’s original design 
criteria. As a result, the skid operating pressure was reduced from the original 950 psig to 850 psig. 

After installation and preliminary commissioning of the Multi-contaminant skid at Eastman, 
syngas feed to the skid was started on January 31, 2008, at 8:00 PM. This syngas feed was ultimately shut 
off at 2:00 PM on February 26, 2008. Although syngas had to be temporarily shut off during this period 
for process modifications and gasifier downtime, a total skid operation time of 525 hours with real coal-
derived syngas exposure was accumulated during this period. Normal operating temperature and pressure 
conditions during this period were about 200 °C and 850 psig, respectively. 

Although the bulk desulfurization system was designed to last 500 hours, a significant portion of 
the G-72D sorbent’s ability to maintain an effluent sulfur concentration <1,000 ppmv was exhausted after 
447 hours of operation. The sulfur concentration in the syngas feed to the final sulfur polishing bed was 
clearly increasing during the last 78 hours of syngas exposure. Based on the design, the polishing bed 
should have been able to handle this extra sulfur loading for this limited 78-hour period. However, no 
active measurements of sulfur were made after the sulfur polishing bed to confirm this. Furthermore, the 
candidate Hg sorbent (impregnated carbon) selected had demonstrated only a slight loss in Hg capacity 
between sulfur-free and raw syngas in the testing described in Section 4.2.3.5. Thus, the lost of the bulk 
desulfurization capacity late in the test probably had little or no effect on the Hg capacity results.  
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After completion of this exposure test and the return of the Multi-contaminant skid to RTI, the 
sorbent beds were analyzed to determine the amounts of trace contaminants captured. All sorbent bed 
analyses were completed under DOE Cooperative Agreement DE-AC26-05NT42459 and reported in the 
July 2008 Quarterly Progress Report. The arsenic and mercury sorbents in V-200 and V-502, 
respectively, were carefully removed to preserve their relative axial position in the reactor and thus allow 
measurement of arsenic and mercury concentration profiles along the axial length of the reactors. These 
results are shown for arsenic in Figure  4-23 and mercury in Figure 4-24. 

Figure  4-23 shows that arsenic concentration was high at the syngas inlet to the V-200 sorbent 
bed and rapidly decreased down the reactor bed length. Any deviations from this pattern were primarily 
caused by difficulties in removing the sorbent in a layered fashion from the reactor, thus resulting in 
mixing of different sorbent layers. This pattern is a classical profile that is typically observed as an 
adsorption wave front moves through a fixed bed of adsorbent.  

Based on estimates of the As concentration in the raw syngas (see URS Report in Appendix F), 
the amount of As found in the arsenic sorbent bed was significantly lower than anticipated. However, 
these estimates of As concentration in the raw syngas are based on measurements in systems fully 
conditioned with raw syngas prior to the measurement. When new systems are first exposed to raw 
syngas, most systems have a limited amount of natural capacity to trap trace contaminants like As and 
Hg. Thus, the As concentration in the syngas feed to the Multi-contaminant Control Skid was lower than 
concentration estimates from prior measurements.  

Based on the experimental data collected on Commercial Sorbent A, the As capacity for which 
>90% removal of the As was observed under these conditions was 3.6 wt%. The facts that (1) the As 
concentration in the sorbent sample removed from the inlet was significantly lower than the As capacity 
determined with simulated syngas, (2) the As concentration in subsequent sorbent samples in the next few 
samples drops significantly, and (3) most of the samples collected between Sample 5 and the outlet from 
the sorbent bed had essentially no arsenic strongly suggest that > 90% removal of the As present in the 
syngas feed was removed in the first layer of the sorbent bed and any remaining As concentration in the 
syngas was subsequently reduced in the remainder of the sorbent bed.  

Figure  4-24 shows that no mercury was present in the V-502 mercury sorbent bed. The red line in 
the plot represents the detection limit for the analytical technique used. Because this result was not 
anticipated, selected mercury sorbent samples were reanalyzed with a more sensitive analytical method, 
and these results are shown in Figure  4-25. These results do show that a small amount of mercury was 
retained, but the concentrations measured were just at the detection limit for this very sensitive analytical 
method. Based on these results, essentially no mercury was trapped on the mercury sorbent. 
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Figure  4-23. Arsenic retention on Commercial Sorbent A exposed to real 

coal-derived syngas. 
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Figure  4-24. Mercury retention on impregnated carbon exposed to real 

coal-derived syngas. The red line is the detection limit of 
the analytical technique used. 
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Figure  4-25. Mercury analysis of selected samples from exposure to real 

coal-derived syngas, as determined by DMA-80 direct 
mercury analyzer. The red line is the detection limit of the 
analytical technique used. 

To determine if any mercury was removed at other locations (or in other fixed beds upstream of 
the mercury bed) in the Multi-contaminant Control Skid, selected samples of the exposed arsenic sorbent 
material were analyzed for mercury. As shown in Figure  4-26, the analysis results clearly show that 
mercury was trapped on the arsenic sorbent material. Furthermore, the mercury profile across this sorbent 
bed shows that this bed was still actively removing mercury at the end of syngas exposure. Although this 
was good news, it was not anticipated because laboratory screening of potential mercury sorbents had 
demonstrated that the particular sorbents used in sorbent beds upstream of the mercury sorbent bed were 
not effective for mercury capture. However, these screening tests did not necessarily demonstrate that 
these sorbents had no ability for mercury removal. Because of the low mercury concentration present in 
the real coal-derived syngas at Eastman and the large mass of sorbents upstream of the mercury sorbent 
bed, the mercury in the syngas was effectively removed from the syngas before the syngas could reach the 
mercury sorbent bed. 

As with the As sorbent testing, estimates of Hg concentration in the raw syngas significantly 
exceed the amount of Hg found on the arsenic sorbent bed material. However, this Hg testing 
demonstrates that the Hg concentration was reduced to essentially zero before reaching the mercury 
sorbent bed material. This provides additional support for the interpretation of the arsenic results, 
suggesting that the arsenic sorbent was able to reduce the As concentration in the feed syngas to 
essentially zero. This also demonstrates the potential of different sorbents to be used for removal of more 
than one contaminant.  
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Figure  4-26. Mercury analysis of Commercial Sorbent A loaded in V-200 

for removing arsenic. 

 
4.5 Conclusions 

A significant amount of progress in development of sorbents for removing mercury and arsenic at 
temperatures ≥200 °C and typical gasifer operating pressures was made in this program. The majority of 
the experimental effort completed in this project was focused on identification of sorbent materials that 
could effectively remove mercury and arsenic at the target warm syngas conditions. For this testing, the 
term “effectively remove” was defined as the ability to remove >90% of the challenge concentration for 
significant portion of the breakthrough testing. 

The test results collected from the field testing at Eastman from the Multi-contaminant Control 
Skid demonstrated removal of both As and Hg in the arsenic sorbent material. Although the arsenic 
sorbent material was not anticipated to remove much Hg based on laboratory screening protocol, this 
protocol was designed to identify materials with suitable As capacities. Therefore, a sorbent material that 
did not pass the screening tests might have a very limited capacity for the targeted contaminant. 
Therefore, this result continues to demonstrate the multi-contaminant removal potential of sorbents. This 
multi-contaminant removal potential can be effectively used to optimize syngas cleanup at the lowest 
possible cost. 

Based on the As and Hg concentration profiles in these sorbent beds, the effluent concentration of 
Hg and As were reduced to essentially zero. This demonstrates that the sorbent materials can effectively 
remove ≥ 90 % of the As and Hg in a syngas stream at temperatures > 200ºC and pressures typically 
encountered downstream of a commercial gasifier. Based on these results, these sorbents should be able 
to reduce As and Hg concentrations in syngas to meet not only power generation applications focused on 
in this project, but also chemicals, fuels, hydrogen, and solid oxide fuel cell applications.  
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4.6 Recommendations 
In spite of making a significant amount of progress in development of arsenic and mercury 

sorbent materials for warm syngas cleaning, more work is still required to effectively integrate these 
sorbent technologies into a complete warm syngas cleaning package. This is especially true for chemical 
applications. DOE’s warm gas cleanup performance goals as shown in Table  4-11 define the maximum 
effluent concentrations for chemical applications. 

Table  4-11. DOE Performance 
Goals for Warm Gas 
Cleanup1 

The R&D effort is underway to continue this sorbent 
development work under the ongoing DOE Cooperative 
Agreement DE-FC26-05NT42459. Critical objectives for this 
work will be to 

Contaminant Maximum 
H2S 50 ppbw 
NH3 10 ppm 
HCl 10 ppb 
Hg 5 ppbw 
As 5 ppb 
Se 0.2 ppm 
Cd 30 ppb 

1 Minimum pressure 600 psig; minimum 
temperature 400 °F. 

■ Effectively demonstrate that the sorbents can meet 
DOE’s performance goals in RTI’s laboratory 
system and with real coal-derived syngas 

■ Optimize process intensification to achieve multi-
contaminant polishing of the contaminants listed in 
Table 4-10 in the smallest, economically viable 
process possible 

■ Identify optimal integration within a warm syngas 
cleaning platform and within the IGCC system. 
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5. Field Testing of Ammonia Removal 

5.1 Background 
In the United States, coal represents a significant source of fossil fuel energy and potential 

feedstock for many industrial chemicals. To make full and efficient use of U.S. coal reserves, the major 
components, such as carbon and hydrogen, in coal must be converted to a gaseous state by coal 
gasification processes. Coal is a complex, heterogeneous substance that contains several impurities, 
including sulfur, chlorine, nitrogen, and metal compounds. During gasification, many of these impurities 
are converted to gaseous species such as H2S, HCl, or NH3. Effective removal of such impurities is 
necessary to protect electric power generation equipment (e.g., gas turbines and fuel cells) and catalysts 
used to produce chemicals as well as to meet product and environmental standards. Moreover, because 
coal gas can be utilized by turbines or fuel cells at high temperatures in the range of 500 to 700°C, there is 
a strong incentive to preserve the sensible heat in this hot gas, thereby improving the thermal efficiency of 
processes using coal gas. For this reason, impurities should be removed from the gas stream at high 
temperatures. High-temperature purification also allows contaminants to be removed in their chemically 
reactive state. Furthermore, in a plant of comparable size, the volume of a coal gas stream is less than that 
of a combustor flue gas stream; hence, capital and operating costs for contaminant removal from coal gas 
would be lower than that from combustion flue gas. 

5.1.1 Nitrogen Compounds in Coal 

Of the impurities found in coal, sulfur is usually the major undesirable impurity, and, as a result, 
removal of sulfur species has attracted the greatest attention. U.S. coals contain, on a dry basis, about 
0.5-2 wt% nitrogen (Chen et al., 1982), which is chemically combined with the carbon in polycyclic 
aromatic rings (Axworthy, 1975). Gasification of coal thus produces fuel-bound nitrogen compounds 
such as ammonia and hydrogen cyanide. The concentrations of these nitrogen compounds in coal gas 
depend on a number of factors, such as temperature, pressure, residence time, and coal rank. Chen et al. 
(1982) found that low-rank coals favored the formation of ammonia. Kilpatrick (1986) reported that, 
depending on the type of gasification process, gas samples taken from working gasifiers producing low- 
and medium-Btu gas contained 180-3,100 ppm NH3. For the KRW air-blown, fluidized-bed pilot-plant 
gasifier, Haldipur et al. (1989) reported an ammonia concentration ranging from 20 to 240 ppm. Kurkela 
and Stählberg (1992) found NH3 and HCN concentrations in the range of 500 to 9,000 ppm in fluidized-
bed gasifiers operating with peat, brown coal, and wood sawdust. 

5.1.2 Need for Removal of NH3 

During coal gas combustion, NH3 and HCN are readily converted to nitrogen oxides (NOx). 
Although selective catalytic reduction (SCR) processes can be used to remove the NOx formed before the 
combustion gases are vented to the atmosphere, such processes are expensive and add significantly to the 
cost of electricity. In molten carbonate fuel cell applications (MCFC), when the anode exhaust gas is 
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burned with air to supply CO2 for regeneration of the carbonate electrolyte, the fuel-NOx formed can 
react with the electrolyte to form relatively volatile nitrates that lead to electrolyte loss by 
evaporation (Hirschenhofer, 1994). Thus, NH3 removal from syngas is essential before the syngas can be 
used in these applications. 

5.1.3 Technical Approach for Ammonia Removal  

Although NH3 is not a highly stable molecule thermodynamically [∆G°f (298) = –3.9 kcal/mol], 
the activation energy for dissociation is high (92 kcal/mol). Furthermore, the high H2 concentration in 
coal gas streams, such those representative of slagging gasifiers, limits the extent to which NH3 can be 
dissociated under equilibrium conditions. 

NH3 (g) = 1/2 N2 (g) + 3/2 H2 (g) 

For example, for a Texaco coal 
gasifier stream assumed to have 5,000 
ppm NH3, the calculated thermodynamic 
equilibrium NH3 level as a function of 
temperature at 20 atm is shown in Figure 
 5-1. These calculations considered two 
cases: (1) achievement of complete 
thermodynamic equilibrium without CH4 
formation and (2) achievement of 
equilibrium with CH4 formation in the 
gas. The results show that 90% or greater 
dissociation of NH3 could be achieved at 
temperatures above 700°C. In the absence 
of CH4 formation, the extent of NH3 
dissociation decreases with decreasing 
temperature. If CH4 is allowed to form, 
NH3 levels of about 20 ppm could be reached at 300°C under equilibrium conditions. These results are 
due to lower H2 concentration in the gas because of conversion of H2 to CH4. Because the equilibrium 
NH3 level is a strong function of the H2 partial pressure, any reduction in H2 level increases NH3 
dissociation. 
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Figure  5-1. Equilibrium NH3 concentration as a 
function of temperature at 20 atm in a 
Texaco coal gasifier stream. 

The above calculations also show that residual NH3 levels below 10 ppm could be achieved at 
250°C or lower if a significant amount of H2 is converted to CH4. Such low-temperature operation may 
require development of efficient catalysts that can function in the presence of significant levels of H2S 
and steam. Sulfur-tolerant, MoS2-based methanation catalysts are available, but they are not as reactive as 
conventional nickel-based methanation catalysts. Unfortunately, nickel-based catalysts are extremely 
susceptible to sulfur poisoning. 
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The formation of CH4 has no adverse effect and may be beneficial if the coal gas is to be used for 
combustion in a gas turbine. The reaction is exothermic and, under adiabatic conditions, the exit gas will 
be at a higher temperature than the feed gas. Moreover, the volume of feed gas is reduced. However, CH4 
formation is not desirable if coal gas is to be used for fuel cell applications because CH4 is not easily 
oxidized at the anode. For this reason, MCFC systems often incorporate methane reformers to convert 
CH4 into H2. Methane is also not a desirable feedstock for chemical synthesis applications such as the 
production of alcohols or other liquid fuels. In fact, in many chemical applications, such as hydrocarbon 
or methanol synthesis reactions, hydrogen is synthesized by reforming methane. Hence, we believe that 
reducing NH3 levels by reactions involving methane formation may not be the best use of coal gas for fuel 
cells and chemical synthesis applications. 

Catalytic Decomposition of NH3: In the absence of equilibrium methane formation, reducing the 
NH3 level below 10 ppm requires temperatures above 1,200°C. Even at this very high temperature, 
catalysts may still be needed to attain equilibrium levels. Krishnan et al. (1988) studied the removal of 
fuel-bound nitrogen compounds from simulated coal gas stream compositions representative of several 
gasifier types by using a laboratory-scale reactor. HTSR-1, a Ni-impregnated, refractory oxide-supported 
catalyst that is proprietary to Haldor-Topsøe A/S (Copenhagen, Denmark), exhibited excellent high-
temperature stability at 800°C and excellent activity, even in the presence of 2,000 ppm H2S. An SRI 
catalyst, G-65*, consisting of Ir-promoted Ni on alumina, demonstrated superior activity over the 
temperature range 550-650°C at H2S levels below 10 ppm. The presence of impurities such as HCl and 
HCN did not affect the catalyst performance in the temperature range studied. Jothimurugesan and 
Gangwal (1996) reported that a zinc-based sorbent containing nickel exhibited moderate activity for NH3 
decomposition while removing H2S. These studies show that temperatures above 600°C are required for 
the catalytic decomposition and effective removal of NH3 from coal gas streams. 

Chemisorption of NH3: An alternative process is to adsorb NH3 on high-surface-area sorbents. 
In contrast to the catalytic decomposition approach above, NH3 adsorption is facilitated at low 
temperature and high pressure. Currently, the primary commercial process for ammonia removal from 
syngas is by ammonia absorption in water. A chemisorption process involving solid sorbents would 
typically operate at a higher adsorption temperature. For an adsorption temperature above the syngas dew 
point, ammonia chemisorption integrates very effectively with other warm syngas cleanup technologies. 
However, one challenge is that the quantity of NH3 that can be adsorbed decreases at high temperatures. 
Molecular sieve sorbents, especially the highly acidic types, have significantly high capacity for basic 
molecules such as NH3. Because other compounds in syngas are acidic, such as H2S, HCl, and CO2, the 
fact that ammonia chemisorption utilizes the basic nature of ammonia as the driver for its separation and 
capture ensures high selectivity for ammonia separation from syngas. The quantity of NH3 adsorbed on 
various molecular sieves as a function of temperature has been reported (Hidalgo, 1984). In these 
sorbents, the acid strength is often measured by their ability to adsorb a base such as NH3. A temperature-
programmed desorption (TPD) technique was used to obtain these results. In these experiments, NH3 was 
adsorbed on the catalyst at 100°C, and the amount of NH3 desorbed was measured by heating the catalyst 
to 600°C (873K) at a linear rate of 10°C/min. The TPD spectra of mordenites and ZSM-5 molecular sieve 
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showed two desorption peaks, a low-temperature peak centered around 125°C and a high-temperature 
peak centered around 400°C, indicating that these molecular sieves have strong and weak acid sites on 
which NH3 can be chemisorbed. The Y-type molecular sieves only had a broad desorption peak. The 
amount of NH3 adsorbed was calculated from the area under the TPD curve and was proportional to the 
acid strength of the catalyst. Ranking of the acid strength of the catalysts was HM > HZSM-5 > HY. 
Cation exchange decreased the strong acid sites preferentially, whereas dealuminization reduced the 
strong and weak acid sites. In summary, the acidity of molecular sieves depends on various factors such 
as composition, preparation method, dehydration temperature, and possible treatment with steam. 

Selective Catalytic Oxidation (SCO) of NH3: Selective catalytic oxidation of ammonia is one of 
the most interesting and important heterogeneous catalytic processes. Ideally, the catalysts for SCO 
should be able to selectively oxidize up to 3,000 ppm NH3 to less than 5 ppm while oxidizing as little of 
the 30-70% H2 as possible. The desired exothermic NH3 oxidation reaction is 

4NH3 + 3O2 ↔ 2N2 + 6H2O ΔG200°C = –159 kcal/mol (1) 
 

The undesired reactions correspond to the oxidation of H2 and the formation of NO, NO2, and N2O: 

2H2 + O2 ↔ 2H2O ΔG200°C = –105 kcal/mol (2) 
 
4NH3 + 5O2 ↔ 4NO + 6H2O ΔG200°C = –59 kcal/mol (3) 
 
4NH3 + 7O2 ↔ 4NO2 + 6H2O ΔG200°C = –65 kcal/mol (4) 
 
2NH3 + 2O2 ↔ N2O + 3H2O ΔG200°C = –131 kcal/mol (5) 

According to the literature (Long et al., 2001), the oxidation of ammonia may occur by a two-step 
route in which NH3 is first oxidized to NOx, which is, in turn, reduced to N2 by NH3. This mechanism 
would correspond to the following exothermic reaction: 

4NH3 + 4NO + O2 ↔ 4N2 + 6H2O ΔG200°C = –398 kcal/mol (6) 

Although extensive information on SCO of ammonia is found in the literature, very little of this 
information was obtained under reducing conditions (i.e., in the presence of hydrogen). Most of the 
experiments were carried out using inert gases instead of reductant gases. SCO of ammonia to nitrogen is 
potentially an ideal technology for removing ammonia from oxygen-containing off-gas and, 
consequently, has been the focus of increasing interest in recent years (Sazonova et al. 1996; Gang et al. 
1999). In recent studies, the SCO performance of several materials was determined. For instance, Li and 
Armor (1992) reported that noble metals, such as Pt, Rh, and Pd, exchanged to ZSM-5 zeolite or alumina 
support showed high SCO activity, even under wet stream conditions, compared to vanadium-based 
titania and Co-ZSM-5. In other studies, the performances of several catalysts under different operating 
conditions were determined. These selected catalysts comprised a wide range of materials, including Ni, 
Fe, and Mn oxides supported on γ-Al2O3 (Amblard et al., 1999); CuO on Al2O3 (Curtin et al., 2000); Cu, 
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Co, and Ni oxides doped on SiO2 (Dannevang, 1996); and the standard SCR catalyst such as V2O5, MoO3, 
and WO3 on various supports (De Boer et al., 1993). 

Leppalahti et al. (1996) studied NH3 removal from biomass gas using the SCO technique. They 
found that optimum NH3 removal occurred at about 450°C in the presence of added O2 by using an 
alumina catalyst. At a feed concentration of 0.5% (5,000 ppm) NH3 and 20 atm pressure, about 90% 
reduction in NH3 was achieved at 450°C when 0.5% NO and 2% O2 were added, and the effluent gas 
contained 0.15% NO, 0.1% N2O, and 0.1% NO2. At temperatures greater than 450°C, the extent of NH3 
reduction decreased, with very little reduction at 600°C; in fact, an increase in NH3 concentration was 
observed. These observations indicate that, while selective oxidation of NH3 may occur at low 
temperatures, the reduction of NO occurs at high temperatures. The extent of oxidation of CO and H2 was 
not indicated. 

The SCO performance of a series of transition metal (i.e., Cr, Mn, Fe, Co, Ni, and Cu) ion-
exchanged ZSM-5 and Pd on ZSM-5 was investigated in the presence of H2O (Long and Yang, 2000). 
The best performance, that is, higher NH3 conversion and selectivity to N2, was obtained for the Cu-ZSM-
5 and Fe-ZSM-5 catalysts over the temperature range of 350-450ºC. Only small amounts of N2O and NO 
were produced; however, the presence of low H2O concentration had a slightly negative influence on NH3 
conversion. The variable valence of the metal cations Cu+/Cu2+ and Fe2+/Fe3+ might also play an 
important role for O2 adsorption and further NH3 oxidation. The same authors (Long and Yang, 2002) 
used Fe-ZSM-5 catalysts promoted with noble metals (Pt, Rh, and Pd) for SCO of NH3 to N2 over the 
lower temperature range of 250-350ºC. Although at oxidizing conditions, the authors pointed out the 
reduction of Fe3+ to Fe2+ at 300-600ºC for a H2-containing gas stream. The oxidation/reduction process 
would take place when H2 and O2 were simultaneously present. In the paper, it was shown that the SCO 
performance from 400-500ºC to the lower temperature range of 250-350°C increased when the noble 
metal was added to the Fe-ZSM-5 catalyst, although the selectivity toward N2 decreased. 

5.2 Objectives and Work Performed 
The objectives of the program were to identify and assess technologies to reduce the level of 

ammonia vapors to about 10 ppm in syngas streams produced by coal gasification. 

Bench-scale experiments were carried out to determine the feasibility of ammonia removal in gas 
streams representative of a slagging gasifier. Two technical approaches for ammonia removal were 
experimentally tested: (1) selective catalytic oxidation and (2) chemisorption on molecular sieves. 
Because the SCO technique would allow for continuous operation while the chemisorption technique 
would require cyclic regeneration, experiments initially focused on the SCO approach. 

However, after assessing the technical feasibility of both technologies, the chemisorption 
approach was found to be more feasible for ammonia removal. A reactor system designed and built at SRI 
was used for this evaluation, and 10-cycle tests were conducted to determine sorbent capacity under 

5-5 



 5. Field Testing of Ammonia Removal 

cyclic conditions. The main results of this work are described below. For a more detailed discussion, 
please refer to the SRI Final Report in Appendix D. 

5.3 Selective Catalytic Oxidation 
5.3.1 Materials and Experimental Procedures 

Five catalysts were selected and tested as possible candidates for SCO of ammonia. They were 

1. CBV-712 zeolite 
2. Rare-earth-exchanged zeolite Y 
3. Zinc orthotitanate (IITRI, C-219) 
4. Platinum-promoted nickel on alumina (G-43, United Catalysts, Inc.) 
5. Iron-exchanged molecular sieve catalyst (CBV-712 zeolite) prepared at SRI. 

A temperature-programmed reactor test system was used to study the selective catalytic oxidation 
process. In this testing, the catalyst volume varied within 0.8 and 0.9  cm3, and the gas flow-rate for the 
two steps of activation and reaction was 60  cm3 (NTP)/min. The range of GHSV (Gas Hourly Space 
Velocity) was about 5,000 h-1 (NTP). The steps involved in conducting the SCO experiments using the 
TPD system were as follows: 

■ Step 1: Activation of catalyst at 400°C with He for 2 hours 
■ Step 2: Reaction with a test gas mixture starting at 225°C, and increasing to 300, 350, and 

400°C after stabilization. 

For SCO with oxygen, the test gas composition was 5,000 ppm NH3, 2 vol% O2, 7.5 vol% N2, and 
H2 balance. For SCO with NO, the test gas composition was 2,000 ppmv NH3, 2 vol% O2, 250 ppm NO, 
and H2 balance (by volume). A signal at atomic mass units (amu) 16 was used to distinguish the peaks 
corresponding to NH3 and H2O. In these tests, the masses of 32 for O2, 28 for N2, 30 for NO, 44 for N2O, 
and 46 for NO2 were also recorded. 

An iron-exchanged molecular sieve catalyst was also prepared at SRI. A known amount (e.g., 
7.0 g) of FeSO4·7H2O was dissolved into 500 mL of distilled water. Five grams of zeolite CBV-712 were 
then added to the yellow-greenish solution, and the resulting mixture was stirred at room temperature for 
24 hours. The resulting solid was filtered and repeatedly washed (at least five times) with distilled water. 
The final solid was dried overnight at 110°C. 

5.3.2 Experimental Results for SCO of NH3 

SCO in the 225-400°C temperature range: Of the five selected catalysts tested, three showed 
reasonable activity levels for the SCO of ammonia. These three materials were zinc orthotitanate, CBV-
712 zeolite, and rare-earth-exchanged zeolite Y. 
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As shown in Figure  5-2, the experiments with zinc orthotitanate showed that the NH3 outlet 
concentration decreased monotonically with increasing temperature. Similarly, with increasing 
temperature, the oxygen concentration decreased, but no water was released. 
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Figure  5-2. Oxidation reaction for 5,000 ppm NH3 in the presence of 2% 

O2, 7.5% N2, and H2 balance at 225, 300, 350, and 400°C on 
zinc orthotitanate. 

For CBV-712 zeolite, the experimental data in Figure  5-3 indicate that this catalyst was active 
even at 225°C. At this temperature, NO2 formation was also observed. There was some evidence that H2 
oxidation mainly took place, giving rise to water and ammonia at the outlet with increasing temperature. 
The NO2 concentration decreased with an increase in temperature. 

The experimental results for the rare-earth-exchanged zeolite Y are presented in Figure  5-4 and 
indicate this catalyst’s activity for SCO of ammonia. The catalyst was active for a broader temperature 
range between 225 and 300°C, and neither NO2 nor N2O was detected in these runs. At 400°C, the 
oxidation of H2 would be the main reaction. 
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Figure  5-4. Oxidation reaction for 5,000 ppm NH3 in the presence of 2% 

O2, 7.5% N2, and H2 balance at 225, 300, and 400°C on rare-
earth-exchanged zeolite Y. 
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SCO with NO in the 225-400°C temperature range: The catalytic performance of the 
CBV-712 zeolite and the rare-earth-exchanged zeolite Y for the SCO of NH3 was also evaluated in the 
presence of trace NO. The results in Figures  5-5 and 5-6 showed no changes in the behavior of the 
materials. The data for the rare-earth-based zeolite Y suggested that the H2 oxidation reaction could not 
be neglected at 350°C for this catalyst. 
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Figure  5-5. Oxidation reaction for 2,000 ppm NH3 in the presence of 2% 

O2, 250 ppm NO, 7.5% N2, and H2 balance at 225, 300, 350, 
and 400°C on CBV-712 zeolite. 
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Figure  5-6. Oxidation reaction for 2,000 ppm NH3 in the presence of 2% 

O2, 250 ppm NO, 7.5% N2, and H2 balance at 225, 300, 350, 
and 400°C on rare-earth-exchanged zeolite Y. 
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In summary, the experimental results showed that the rare-earth-exchanged zeolite Y was the 
most optimum catalyst at a temperature of about 300°C. Even at temperatures lower than 300°C, the 
extent of ammonia removal was not as high as expected. At higher temperatures, excessive oxidation of 
H2 occurred, and, hence, the SCO approach for NH3 removal was not pursued further. 

5.4 Chemisorption on Molecular Sieves 
The effectiveness of molecular sieves as adsorbents for NH3 was determined in two steps: 

(1) screening experiments and (2) detailed experiments with selected molecular sieves. The results of 
these chemisorption experiments are described below. 

5.4.1 Experimental Procedure 

Initial experiments were carried out with different types of molecular sieves and other materials 
such as sepiolite, alumina, and borate-doped alumina. The molecular sieve materials studied and their 
characteristics are summarized in Table  5-1. 

Adsorption experiments 
with various adsorbents were 
carried out using a temperature-
programmed desorption (TPD) 
system. The TPD system consisted 
of a 1.5-cm-ID quartz reactor 
connected to a mass spectrometer. 
A computer controlled the inlet 
gas stream composition by using a 
mass flow controller. A furnace 
with a PID temperature controller was used to control the reactor temperature. The temperature and the 
composition of the reactor exit gas were recorded by computer. 

Table  5-1. Characteristics of Molecular Sieves1 Tested 

Type Nomenclature 
SiO2/Al2O3 
molar ratio 

Surface srea
(m2/g) 

Nominal 
cation 

Y CBV 712 12 730 NH4
+ 

Y CBV 100 5 900 H+ 
Y CBV 400 5 730 H+ 
Y CBV 600 5 660 Na+ 
Y CBY 780 80 780 H+ 

Mordenite CBV 90A 90 500 NH4
+ 

H-Beta CBV 811E75 75 650 H+ 
ZSM-5 CBV 28014 280 400 NH4

+ 
1 Procured from Zeolyst Corporation, Valley Forge, PA. 

The volume of adsorbent sample in the reactor was about 0.8 cm3. The gas flow rate was held at 
66 cm3(NTP)/min during adsorption and 30 cm3(NTP)/min during the activation and TPD steps. The 
GHSV was in the range of 4,400 to 5,000 h-1 (NTP). Sorbent material samples were tested for NH3 
adsorption capacity under dry conditions and in the presence of 1.5 vol% steam. The actual steps involved 
in the sample treatment were as follows: 

■ Step 1: Activation of the sample at 300 or 400°C with He for 2 hours. 
■ Step 2: Adsorption of NH3 with and without water vapor at 100° or 200°C for at least 2 hours 

to ensure complete adsorption. The inlet gas concentration was 2,000 ppmv NH3, 52 vol% H2, 
and He balance. In the screening experiments, the inlet steam concentration was about 1.5 
vol%. 

■ Step 3: Desorption of ammonia in He while the sample temperature was increased linearly or 
stepwise to 400°C. 
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The signals at 16, 17, and 18 amus were collected. According to the EPA/NIH Mass Spectral 
Data Base, the NH3 species presents 100% of mass 17 and 80% of mass 16. Meanwhile, H2O presents 
100% of mass 18 and 20% of mass 17. The 5% of mass 16 was not considered for the concentration 
calculations. The signal at 16 amu was used to distinguish the concentration between NH3 and H2O. 

5.4.2 Experimental NH3 Chemisorption Results 

Zeolite CBV 90A: When the CBV 90A zeolite was heated to 400°C initially, the release of H2O 
was observed in the 90-120 °C temperature range, corresponding to the evolution of physisorbed water. 
After exposure to NH3 at 200°C under dry conditions, only a small increase in NH3 signal level was 
observed at about 400°C. Addition of 1.5% steam did not change the quantity of NH3 adsorbed on the 
sample (Figure  5-7), indicating that CBV 90A is not a good NH3 sorbent at 200°C. However, at the lower 
adsorption temperature of 100°C, additional NH3 sorption occurred as evidenced by a desorption peak at 
about 180°C (Figure  5-8). 

Zeolite CBV 712: This Y-type molecular sieve with NH4
+ cation was exposed to NH3 at 200 °C. 

The TPD curve showed NH3 desorption peaks at about 300 and 400°C (Figure  5-9), indicating strong 
chemisorption of NH3. Addition of 1.5% H2O did not significantly change the NH3 amount adsorbed at 
200 °C and desorbed at 400 °C (Figure  5-10), confirming that a small amount of steam had negligible 
effect on the adsorption of NH3 on CBV 712 at 200 °C. 
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Figure  5-7. Desorption of NH3 from CBV-90A zeolite after adsorption at 

200 °C in the presence of water. 
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Figure  5-8. Desorption of NH3 from CBV-90A zeolite after adsorption at 

100 °C in the presence of water. 
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Figure  5-9. Desorption of NH3 from CBV-712 zeolite after 

adsorption at 200°C. 
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Figure  5-10. Desorption of NH3 from CBV-712 zeolite after 

adsorption at 200°C in the presence of water.  

Other Zeolites: Molecular sieves such as H+-beta-type CBV 811E75, NH4
+-ZSM-5 type 5524 G, 

and H+-Y-type CBV 780 did not show any significant NH3 adsorption as evidenced by TPD spectra in the 
range of 200 to 400°C. Type Y molecular sieves such as CBV 100, CBV 400, and CBV 600 showed 
moderate amounts of NH3 adsorption at 200°C. 

Sepiolite: Sepiolite is a fibrous clay mineral that occurs in the U.S. and Europe and is used as a 
support for catalysts in petrochemical (dual functional cracking catalyst) and environmental applications 
(e.g., selective catalytic reduction [SCR] of nitrogen oxides). Specifically, sepiolite is a hydrous 
magnesium silicate having relatively high surface area (~140 m2/g) and large pore volume (0.65 cm3/g). 
During initial heating, desorption of H2O from the sepiolite was observed at about 130°C. The desorption 
of NH3 from a sepiolite sample that was activated at 400°C in He and exposed to NH3 at 200°C is shown 
in Figure  5-11. Only a small quantity of adsorbed NH3 desorbed from the sepiolite at about 300°C. 

Alumina: A catalyst-grade alumina was procured from Kaiser Aluminum Company, and its 
initial surface area was 280 m2/g. Initial heating of the alumina in He showed desorption of water at about 
120°C and in the range from 200 to 400°C. Hence, alumina sorbent was “activated” at 400°C before 
ammonia adsorption at 100° and 200°C. As shown in Figure  5-12, desorption of NH3 adsorbed at 100°C 
on the alumina was observed at 200, 300, and 400°C. Similarly, when NH3 was adsorbed onto the 
alumina at 200°C, desorption also occurred at 300 and 400°C (Figure  5-13). However, after NH3 
adsorption in the presence of 1.5% steam, the desorption experiment showed a decreased level of NH3 
adsorption (Figure  5-14), indicating competitive adsorption of NH3 and H2O. 
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Figure  5-11. Desorption of NH3 from sepiolite after adsorption at 200°C 

in the presence of water. 
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Figure  5-12. Desorption of NH3 from alumina after adsorption at 100°C. 
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Figure  5-13. Desorption of NH3 from alumina after adsorption at 200°C. 
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Figure  5-14. Desorption of NH3 from alumina after adsorption at 200°C in 

the presence of water. 

B2O3-doped Al2O3: Alumina is an amphoteric oxide, and addition of a strong acidic oxide such 
as B2O3 may increase the material’s adsorption capacity for NH3. Hence, alumina was infiltrated with 
boric acid and calcined. Figure  5-15 and Figure 5-16 show the NH3 desorption behavior following 
ammonia adsorption at 100 and 200°C, respectively. Figure  5-17 illustrates the NH3 desorption after 
200°C NH3 adsorption in the presence of 1.5% H2O. Comparison of the results for the B2O3-doped 
alumina (Figures 5-15 through 5-17) with that of the undoped alumina (Figures 5-12 through 5-14) shows 
that no apparent enhancement in the NH3 sorption capacity was achieved by doping with B2O3. 
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Figure  5-15. Desorption of NH3 from B2O3-doped alumina after 

adsorption at 100°C. 
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Figure  5-16. Desorption of NH3 from B2O3-doped alumina after 

adsorption at 200°C. 
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Figure  5-17. Desorption of NH3 from B2O3-doped alumina after 

adsorption at 200°C in the presence of water. 

Summary: The observed NH3 chemisorption capacity of the various sorbents tested is 
summarized in Table  5-2. The screening tests confirmed that only molecular sieves are capable of 
chemisorbing NH3 significantly at temperatures above 200°C in the presence of steam. In particular, 
CBV-712 (a Type Y zeolite manufactured by Zeolyst Corporation) was found to be superior to the other 
molecular sieves tested with respect to NH3 adsorption capacity (Table  5-2). 
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Table  5-2. Ammonia Adsorption Capacity of Tested 
Sorbents 

Adsorbent 
NH3 adsorption 

temperature (°C) g NH3/g adsorbent 
 

Zeolite CBV-712 
Zeolite CBV-100 
Zeolite CBV-400 
Zeolite CBV-600 

 
Sepiolite 

 
Alumina 

 
B2O3-doped alumina 
B2O3-doped alumina 

 
B2O3-doped Sepiolite 

 
200 
225 
225 
225 

 
200 

 
200 

 
100 
200 

 
200 

 
0.0055 
0.0003 
0.0022 
0.0031 

 
0.0015 

 
0.0015 

 
0.008 
0.002 

 
0.003 

Additional experiments were conducted to determine the effect of activation temperature on the 
chemisorption capacity of CBV 712. Activation of the sorbent was done at 250, 300, and 400°C before 
NH3 adsorption with and without steam was performed at 200°C. The results shown in Table  5-3 indicate 
that the pretreatment conditions have 
only a minor effect on the CBV 712 
adsorption capacity. On the basis of 
the materials screening results, more 
detailed studies were conducted with 
the CBV 712 zeolite. 

Table  5-3. Effect of Pretreatment on NH3 Capacity of 
CBV 712 Sorbent at 200°C 

Treatment 
NH3 capacity 

(g NH3/g adsorbent) 
400°C Activation + NH3 Adsorption 0.0035 
400°C Activation + NH3 + H2O Adsorption 0.0030 
300°C Activation + NH3 Adsorption 0.0045 
250°C Activation + NH3 Adsorption 0.0040 

5.5 Performance Evaluation: Ammonia Removal using CBV 
712 Adsorbent Catalyst 

This section describes the experimental determination of the NH3 removal performance of 
CBV 712 at elevated temperatures and pressures in bench-scale, fixed-bed reactors. Two reactor systems 
were used: (1) a single reactor system with a 0.5-in.-ID reactor tube that was used for both adsorption and 
regeneration, and (2) a 1-in.-ID, dual adsorption/regeneration reactor system. A schematic diagram of the 
dual reactor system is shown in Figure  5-18. The dual reactor system provides the capability to perform 
continuous removal of ammonia through the adsorption process and is similar to a skid-mounted system 
that can be used in the field. 
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Figure  5-18. Schematic diagram of the 1-in.-ID dual adsorption/ 

regeneration reactor system. 

During both adsorption and desorption cycles (Steps 2 and 3 described below), the effluent gas 
stream from the reactor was scrubbed with methyl sulfonic acid solution to capture the residual ammonia 
as ammonium ions. The liquid effluent was sampled at predetermined time intervals using a fraction 
collector and analyzed for ammonia levels using a Dionex Ion Chromatograph equipped with an ionic 
conductivity detector. From the NH4

+ concentrations in the liquid, the ammonia adsorption and desorption 
efficiencies were calculated. 

The CBV 712 adsorbent used in the bench-scale tests was purchased in pellet form (1.6 mm) 
from Zeolyst International, and its characteristics are given in Table  5-4. 

In a typical run, the system 
operation procedure involved three 
main steps: (1) initial activation of 
sorbent at 400˚C, (2) adsorption of 
ammonia from the gas mixture at 
200ºC, and (3) desorption of ammonia at 400˚C. 

Table  5-4. Characteristics of CBV 712 Zeolite Pellets 
Surface area (BET-N2) SiO2/Al2O3 molar ratio Nominal cation

500 m2/g 12 NH4
+ 

Inertness of Stainless Steel Reactor: The reactor system consists of various stainless steel tubes 
that may have some active sites for NH3 adsorption. To evaluate any possible surface adsorption of 
ammonia by the stainless steel surface, experiments were carried out both with and without catalyst in the 
0.5-in.-ID reactor system. Figure  5-19 compares the results of these experiments conducted at 200ºC and 
300 psi. These results clearly indicate that ammonia adsorption by the stainless steel surface was 
negligible compared to that on the CBV 712 catalyst. 
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Figure  5-19. Ammonia (1,000 ppm) adsorption with and without CBV 712 
catalyst in the 0.5-in.-ID reactor system. 

Ammonia Adsorption and Sorbent Regeneration: CBV 712 catalyst evaluation in the 0.5-in.-
ID reactor system was conducted to (1) assess catalyst performance under pressurized conditions in the 
presence of steam and (2) optimize conditions for maximum ammonia adsorption. Table  5-5 compares the 
data obtained for CBV-712 under various process conditions. In these experiments, adsorption and 
desorption cycles were carried out at 200°C and 300 psi and at 400°C and 15 psi, respectively. The inlet 
gas composition used in these experiments was 0.08-0.1% NH3, 5% H2, 0-50% steam, and balance He. 
Other constituents, such as CO and CO2, of coal gas streams were not used in these preliminary runs 
because they were unlikely to have any significant effect on ammonia adsorption. Similarly, the 
substitution of He for N2 because of laboratory convenience was expected to have no effect on catalyst 
performance. 

Table  5-5. Results for Ammonia Adsorption/Desorption on CBV-712 

Catalyst Catalyst weight (g) GHSV (h-1) Steam (%) 
Capacity 

(g NH3/g adsorbent) 

No catalyst 0 630 50 + 5 <1 × 10-5 

Powder (<325 mesh)  9.0 2,850 0 1.1 × 10-3 
Powder (<325 mesh) 9.0 2,850 50 + 5 2.2 × 10-3 
Pellets (0.3-0.7 mm) 10.0 2,850 50 + 5 4.3 × 10-3 

From the data in Table  5-5, the highest NH3 capacity of CBV 712 was obtained when 0.3- to 0.7-
mm catalyst particle size was used. This particle size is roughly an order of magnitude larger than the 
powder form (<325 mesh, which is <44 µm) that was tested. The NH3 adsorption at 200°C and 300 psi 
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Figure  5-20. Ammonia adsorption on CBV-712 (0.3-0.7 mm particle size) 
at 200°C and 300 psi. 
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Figure  5-21. Ammonia desorption from CBV 712 (0.3-0.7 mm particle 

size) at 400°C and 1 atm. 
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Cyclic Adsorption and Regeneration: Adsorption and desorption cycles were carried out on 
CBV 712 at 200°C and 200 psi and at 400°C and 15 psi, respectively, in the dual reactor (1-in.-ID) 
system. Because of the larger reactor size, 1.6-mm pellets were used initially. The inlet gas composition 
used for the adsorption step was 0.05% NH3, 12% H2, 6.4% CO, 1.3% CO2, 50% steam, and balance He. 
A lower GHSV below 1,000 h-1 was also used to achieve a better mass balance for ammonia. The results 
are given in Table  5-6 and illustrated in Figures 5-22 and 5-23. 

Table  5-6. Results for Ammonia Adsorption/Desorption on CBV-712 with 1.6-mm Pellets 

Catalyst 
Catalyst weight 

(g) GHSV (h-1) Steam (%) 
Total capacity 

(g NH3/ g adsorbent) 
CBV 712 (pellets) 50.0 570 50 #2.1 × 10-3 

CBV 712 (pellets) 50.0 1,050 30 1.9 × 10-3 
# Average of four adsorption/desorption cycles. 
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Figure  5-22. Ammonia adsorption on CBV 712 (1.6-mm pellets) at 

200ºC and 200 psi with added steam. 
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Figure  5-23. Desorption of NH3 from CBV 712 and catalyst 

regeneration at 400ºC. 

The gas flow rate used was 100 cm3/min for desorption cycles #1 and #4 and raised to 200 
cm3/min for desorption cycles #2 and #3. As expected, the higher gas flow rate had a positive effect on 
the desorption rate. 

For an economically viable process, it 
is important for a catalyst to maintain good 
activity and performance over many 
adsorption/desorption cycles. Under the 
bench-scale experimental conditions, 
deactivation of the CBV 712 catalyst was 
found to be very minimal after 
10 adsorption/desorption cycles. Table  5-7 
shows the CBV 712 catalyst performance data 
collected in both 0.5- and 1-in.-ID reactors. 
These NH3 adsorption capacity data are shown 
as a function of the number of cycles in Figure 
 5-24. 

Sorbent Performance in Presence of H2S: A series of experiments were carried out to evaluate 
the capacity of CBV 712 for H2S removal as well as for NH3 removal in the presence of H2S. The test 
procedures were similar to those used for the ammonia removal studies. The catalyst amount used in these 
H2S-containing experiments was 5 g. The concentrations of NH3, H2S, and HCl were 400, 200, and 200 

Table  5-7. Effect of Number of Adsorption/ 
Desorption Cycles on CBV 712 
Catalyst Performance 

No. of cycles 
Capacity 

(g NH3/g adsorbent) 
0.5-in.-ID single reactor 
 1 
 2 
 10 
 
1.0-in.-ID dual reactor 
 1 
 2 
 3 
 4 

 
2.2 × 10-3 

1.5 × 10-3 

2.0 × 10-3 

 
 

2.0 × 10-3 

2.2 × 10-3 

2.2 × 10-3 

2.1 × 10-3 
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Figure  5-24. Comparison of variation in CVB 712 adsorbent capacity 

with number of desorption/adsorption cycles. 
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Series # 4, CBV 712 Catalyst, H2S adsorption at 200°C and 100 psi 

Figure  5-25. H2S adsorption on CBV 712 zeolite at 200°C and 100 psi. 

Sorbent Regeneration at Elevated Pressures: To evaluate the long-term operation of the 
CBV 712 catalyst at high-temperature adsorption and regeneration conditions, two series of tests were 
conducted: (1) one with no H2S present in the gas stream and (2) one in the presence of 100 ppm H2S in 
the gas stream. The adsorption cycles were performed at 230°C and 200 psi, and the desorption cycles 
were carried out at 430οC and 100 psi. The gas stream composition used was 0.05% NH3, 12% H2, 12% 
CO, 4% CO2, and 50% steam in nitrogen. The maximum GHSV used was about 500 h-1. Table  5-8 
summarizes the NH3 adsorption capacity of CBV 712 (0.4-0.6 mm in size) in the 1-in.-ID reactor system 
during these tests. 

Table  5-8. Long Term NH3 Adsorption/Desorption Performance of CBV 712 Zeolite (0.4-0.6 mm) 

Series Catalyst weight (g) GHSV (h-1) Steam (%) 
Total capacity 

(g NH3/g adsorbent) 
10 cycles (without H2S) 30.0 <500 50 4 × 10-3 to 6 × 10-3 

10 cycles (with H2S) 37.0 <500 50 2 × 10-3 to 4 × 10-3 

# Average from four desorption/adsorption cycles. 

The average data plotted in Figure  5-26 for the final adsorption runs clearly indicate that the 
breakthrough time of 100-120 min remained unchanged even as the end of the long-term, 10-cycle tests 
was approached. 
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Figure  5-26. Ammonia adsorption on CBV 712 at 230°C 

and 200 psi, following regeneration at 430°C 
and 100 psi. 

In summary, detailed experimental studies showed that CBV 712 zeolite is an effective sorbent 
for the removal of ammonia from coal gas streams at elevated temperatures and pressures. 

5.6 Recommendations Based on Experimental Testing 
A detailed theoretical and experimental study was performed to develop a process for ammonia 

removal at high pressures and elevated temperatures typical of gas streams produced by a coal gasifier. 
Based on the results of this study, we conclude the following: 

■ Chemisorption of NH3 on high-surface-area sorbents is an effective method for removing 
NH3 from gas streams at about 200°C and pressures up to 300 psi. 

■ Of the several sorbent candidates (e.g., alumina, sepiolite, and molecular sieves) evaluated, 
molecular sieves exhibited superior performance. Although alumina also adsorbed NH3, its 
NH3 capacity decreased significantly in the presence of only 1.5 vol% steam. Molecular 
sieves did not show such degradation. 

■ Molecular sieves with varying SiO2/Al2O3 showed different levels of NH3 adsorption capacity 
at about 200°C. Of the molecular sieves tested, the CBV 712 zeolite manufactured by Zeolyst 
International exhibited superior NH3 adsorption capacity. 

■ Cyclic adsorption at 200-230°C and cyclic regeneration at 400-430°C in the presence of up to 
50 vol% steam did not change the performance of the CBV 712 sorbent. 

■ The sorbent CBV 712 exhibited a moderate capacity for H2S adsorption at 200°C along with 
NH3 adsorption. 

■ Selective catalytic oxidation of NH3 by added O2 and NO decreased the NH3 level moderately 
at about 200°C. At higher temperatures, excessive and undesirable oxidation of H2 in the gas 
stream occurred. Thus, selective catalytic oxidation is not considered an effective approach 
for the removal of NH3 from high-temperature coal gas streams. 
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5.7 Multicontaminant Field Testing 
As part of this warm syngas cleanup development project, a pilot-plant skid was installed and 

operated at Eastman to test the ability of a series of sorbents to remove ammonia, mercury, and arsenic. 
This skid used a slipstream of syngas from Eastman’s commercial coal gasification facility. The 
adsorption of the contaminants was performed at about 200°C, and this skid was operated for about 500 
hours in February 2008. 

This multicontaminant control system provides a platform to test syngas cleaning technologies 
that operate at temperatures ≥200ºC with a commercial coal-derived syngas. These technologies included 

■ A regenerable fixed-bed acidic adsorbent for NH3 removal  
■ A disposable fixed-bed sorbent for As removal 
■ A disposable fixed-bed sorbent for Hg removal 

A simplified block flow diagram of the pilot skid is shown in Figure  5-27. This system was designed to 
remove >90% of the arsenic, ammonia, sulfur, and mercury from about 500 scfh of coal-derived syngas at 
850 psig and 200°C for a period of about 500 hours. 
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Figure  5-27. Process flow diagram for multicontaminant system. 
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Because the CBV-712 sorbent used for NH3 removal is regenerable, a three-reactor system 
(Vessels V-40x) was necessary to provide continuous NH3 removal. At any specific time, one reactor was 
actively removing NH3 from syngas, one reactor was being regenerated, and one was being cooled in 
anticipation of being brought back online. These reactors were sized to complete a full cycle of operation 
(adsorption, regeneration, and cooldown) over a 24-hour period based on the standard operator schedule 
used for this field test. During adsorption, the sorbent was expected to reduce the effluent NH3 
concentration to <10 ppmv. 

After saturation, the NH3 sorbent was regenerated by inert purge in a temperature swing step at 
~850 psig. Using an electric gas heater, nitrogen was heated to 400ºC to regenerate the saturated sorbent. 
The regeneration effluent was cooled with a water-cooled heat exchanger and vented to the waste gas 
header. After regeneration, the reactor was allowed to cool under natural convection. 

Four gas samples were collected from the skid for ammonia analysis and included 

1. A raw syngas sample collected upstream of V-200 
2. Feed sample collected at the inlet to the ADSORBING NH3 vessel, V-40x 
3. Effluent sample collected from the ADSORBING NH3 vessel, V-40x 
4. Effluent sample from the REGENERATING NH3 vessel, V-40x. 

Because ammonia is extremely soluble in aqueous water, these sample lines were heat-traced to maintain 
the gas at 150-200°C to prevent water condensation. Online ammonia measurements were made with an 
FTIR analyzer containing a heated cell. A heated, multiport switching valve was programmed to 
periodically introduce each of the four gas samples into the FTIR analyzer. The sample period could be 
adjusted. Each gas sample was normally sampled for 10-20 min before switching to the next sample 
point. The ammonia concentration in these streams was intended to provide critical information for 
operating the NH3 trap system. When the effluent NH3 concentration from the ADSORBING NH3 vessel 
increased to 30 ppmv, this was the signal to bring a new ADSORBING vessel online and switch the 
current ADSORBING NH3 vessel to regeneration mode. Likewise, when the effluent NH3 concentration 
from the REGENERATING NH3 vessel decreased to 1 ppmv, this was the signal to switch the current 
REGENERATING NH3 vessel into cooldown mode. 

Because the inlet gas sample for the ADSORBING NH3 vessel, V-40x, was also the effluent from 
the bulk H2S removal vessel, V-30x, the H2S concentration in this stream was also measured and used to 
monitor sulfur breakthrough in the bulk sulfur removal vessel. A small slipstream of this gas sample was 
cooled to dry the gas sample by steam condensation and removal. This conditioned stream was fed to an 
online GC to monitor the H2S concentration of this stream. When the H2S concentration reached 1,000 
ppmv, a new bulk sulfur trap vessel was brought online, and the old bulk sulfur trap was taken offline. 

5.7.1 Skid Installation and Modifications 

The installation of the multicontaminant skid was completed in January 2008. After reviewing the 
pressure relief calculations, Eastman decided to upgrade the pressure relief system to improve safe 
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operation and reliability of this system. To accomplish this improvement, Eastman used ¾-in. tubing for 
the pressure safety valve (PSV) supply and 1-in.-dia. screwed pipe for the PSV discharge. The discharges 
from all PSVs were collected in a 2-in.-dia. header that was then fed into a 3-in.-dia. waste gas line. 

The FTIR analyzer failed after about 7.5 hours of operation. The primary cause of this failure was 
attributed to water damage. Because the FTIR had been used reliably in gas streams with steam, this 
water damage was believed to be associated with condensed water. Improvements to the heat tracing on 
the gas sampling line were made to avoid introducing condensed water into the FTIR analyzer, and the 
FTIR analyzer was fixed. The second attempt to use the FTIR analyzer also resulted in FTIR failure. 

Without any ammonia concentration values, adequate information was not available to identify 
vessel-specific switching points for the different ammonia vessels. In the absence of this information, the 
ammonia vessels were rotated on an 8-hour basis. The 8-hour period was chosen on the basis of the 
design specifications used for the ammonia trap section. 

Due to the failure of the FTIR analyzer to provide ammonia concentrations, an alternative 
ammonia collection and measurement procedure was implemented for the final 97 hours of the test. 
Ammonia in the process gas sample was collected in deionized water using an impinger for 20 min and at 
a process gas flow of about 1 SLPM. The volume of the solution was brought up to 100 mL. Using an 
ion-selective electrode, the electrode potential was measured while the solution pH was increased to >11 
with the addition of 2 mL of an ionic-strength-adjusting solution. Based on a calibration curve developed 
with standard ammonia solution samples, the measured electrode potential for a sample was used to 
calculate the gas-phase ammonia concentration in the process gas. 

5.7.2 Results and Discussion 

Syngas was started to the multicontaminant skid and DSRP catalyst exposure system at 8:00 p.m. 
on January 31, 2008. Several times during the 525 hours, syngas was removed from the unit. Table  5-9 
lists the start and stop times for syngas flow along with the reason behind the outage. 

Table  5-9. Syngas Flow to the Multicontaminant and DSRP Catalyst Exposure Systems 

Start time Stop time 
Cumulative 

hours Reason for outage 

1/31/2008 20:00 2/6/2008 15:00 139 Problems with the GC samples 

2/6/2008 21:00 2/11/2008 8:00 246 Installation of new equipment for the Membrane Pilot Plant 

2/13/2008 17:00 2/19/2008 15:40 389 PLC CPU issues 

2/19/2008 18:10 2/21/2008 10:00 428 Gasification problems 

2/22/2008 13:50 2/25/2008 11:45 498 Gasification problems 

2/26/2008 1:50 2/27/2008 4:30 525 End of run 

The first syngas interruption was caused by calibration issues with the gas chromatograph (GC) 
system that measured H2S concentration after the V-30x series vessels. The second outage was scheduled 
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due to installation of new equipment required for the acid-gas removal membrane pilot plant. Because the 
multicontaminant system, DRSP catalyst exposure system, and membrane pilot plant shared equipment 
and required the same amount of operating hours, all these systems were shut down to make these repairs. 
The next outage was the result of a bad memory chip in the PLC (process logic control) module. The bad 
chip was replaced, and system operations resumed. The final two interruptions were caused by problems 
with the syngas supply from the Eastman Gasification department. At the end of the 500-hour run, the 
multicontaminant skid was disconnected and shipped back to RTI for sorbent analyses. 

Figure  5-28 shows the NH3 data from the FTIR analyzer for the initial 7.5 hours of operation of 
the 500-hour test. Figure  5-29 shows an expanded view of the FTIR analyzer data from each of the four 
gas samples for the first four sampling periods. The green line indicates which gas sample is being 
analyzed, and the blue line is the NH3 concentration. After 7 cycles (~7.5 hours), the NH3 reading 
“flatlined”, indicating FTIR analyzer failure. 

Figure  5-28. NH3 concentration via FTIR analysis. 

Several observations can be made from the data shown in Figure  5-28 and Figure  5-29: 

■ The average NH3 concentration in the raw syngas (feed to vessel V-200), Sample Point 1, 
was relatively constant at about 440 ppm. 
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■ The average NH3 concentration at the inlet to the ADSORBING NH3 vessel, Sample Point 2, 
was about 500 ppm and much noisier than the data from Sample Point 1. The ammonia 
concentrations at Sample Points 1 and 2 should be similar, with the Sample Point 2 
concentration expected to be equal to or slightly less than that at Sample Point 1. 

■ The ammonia concentration in the effluent gas from the ADSORBING NH3 vessel, Sample 
Point 3, started relatively high at about 1,000 ppm but decayed to about 6-20 ppmv. No 
explanation is available for why this point spiked higher than the other points at the start of its 
analysis, but the decay would be explained by the purging of the sample line by the new 
sample. The “steady-state” value of 6-20 ppmv, though somewhat higher than expected, 
indicated that the bulk (>90%) of the ammonia was removed. 

■ Sample Point 4 should have contained only clean N2 at this point since this was in the first 8 
hours of the test and the “regenerating” vessel had not yet been exposed to any NH3. The 
non-zero data could be explained by either leakage across the ports of the selector valve 
and/or a zero offset of the FTIR. 

 

Figure  5-29. NH3 concentration via FTIR analysis for cycles 1-4. 

After the potential to obtain any meaningful data from the FTIR was established, the new NH3 
collection and measurement procedure was implemented on February 22, 2008. The data collected with 
this new procedure are presented in Figure  5-30. 
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Analysis of the ammonia data 
proved inconclusive as the outlet was 
often higher than the inlet. The outlet 
concentration also did not exhibit the 
expected trend. The concentration 
over the 8-hour cycle bounced around 
instead of increasing. The same was 
true for the NH3 concentration in the 
regenerated stream in that it varied 
instead of consistently decreasing.  

Because this analytical 
method has been effectively used for 
ammonia analysis from simulated 
syngas mixtures in bench-scale 
systems and coal-derived syngas in other field tests, these NH3 measurements should be accurate. During 
the relatively large gap between the initial results with the FTIR and this alternative analytical method, 
the sorbent was exposed to real coal-derived syngas and repeatedly thermal cycled. With limited 
information on changes in sorbent performance between the two sets of analytical data, providing an 
explanation for the performance shown in Figure 5-30 is challenging. Additional information will be 
needed to understand these results. Posttest analysis of the sorbent to measure contaminant concentrations 
and bench-scale testing of NH3 adsorption/regeneration with simulated syngas could be used to provide 
valuable information about the sorbent’s performance during this field test.  

 
Figure  5-30. Ammonia concentration data. 

More details relating to the NH3 removal performance of the multicontaminant skid are provided 
in Chapter 4 of Eastman’s field test report (Appendix E). 

5.8 Conclusions and Recommendations 
The bench-scale testing program identified three catalysts that catalyzed selective catalytic 

oxidation of ammonia at temperatures ≥225ºC. One of the primary problems with this method of 
ammonia removal was an undesirable side reaction in which the oxidant reacted with hydrogen in the 
syngas. At temperatures >300ºC, the rate of reaction with hydrogen significantly increased, and ammonia 
removal became a secondary reaction. The significant loss of hydrogen and poor overall ammonia 
removal with selective catalytic oxidation prompted abandoning research and development efforts on 
selective catalytic oxidation. 

By contrast, the bench-scale testing program for ammonia removal by adsorption was 
significantly more successful. The leading material identified, CBV-712, demonstrated selective 
adsorption of ammonia over water and H2S. During a 10-cycle, bench-scale test, CBV-712 demonstrated 
the ability to consistently reduce the inlet ammonia concentration from 500 ppmv to ≤20 ppmv. At this 
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level of ammonia removal, adsorptive removal with CBV-712 is very near DOE’s warm syngas 
performance goal of a maximum of 10 ppmv of ammonia in the final syngas product. 

The problems associated with ammonia measurement during the actual field testing made 
evaluation of this ammonia removal technology with real coal-derived syngas challenging. Steam, a 
perpetual problem when attempting to accurately measure ammonia concentrations, was the primary 
problem for failure of the FTIR analytical system. A combination of cold weather during field testing and 
maintaining sample temperature above dew point by electrical heat tracing resulted in the introduction of 
water droplets that damaged the optical window in the FTIR. 

Although the FTIR system operated for only a limited time, the initial results demonstrated that 
CBV 712 was able to reduce the NH3 concentration from 440-500 ppmv to 6-20 ppmv, thus removing 
95-99% of the NH3 present in the feed syngas. This field result is almost identical to the bench-scale 
laboratory results obtained on this material with simulated syngas. Unfortunately, the results from the 
second ammonia measurement system utilized toward the end of the field test did not demonstrate these 
same results. 

The path forward will focus on a number of different approaches. The CBV-712 sorbent used in 
the field test will be analyzed. The objective will be to improve understanding of the ammonia results 
collected during the field test. Because accurate measurement of ammonia in syngas is particularly 
challenging at the low concentrations in DOE’s performance goals, additional bench-scale testing will be 
undertaken to improve ammonia measurement in the effluent gas and to identify process modifications to 
ensure meeting DOE’s performance goals for ammonia. Finally, future field testing will include multiple 
ammonia analysis methods to ensure accurate ammonia measurements. 



6. High-Temperature CO2 Removal 

6.1 Introduction 
Anthropogenic sources of CO2 have become a major public concern in recent years due to the 

increase in atmospheric CO2 concentration and the associated consequences of global warming caused by 
the increasing CO2 concentration. Coal has come under increased scrutiny as of late due to the CO2 
emissions that accompany its use as a fuel for electrical power generation. The high carbon-to-hydrogen 
ratio of coal means that more of its energy comes from carbon combustion, resulting in higher CO2 

emissions compared to that from other fuels. However, due to the abundance and low cost of coal 
compared to oil and natural gas, it will remain a fuel of choice, particularly for power production, for 
years to come. 

Advanced power generation systems such as Integrated Gasification Combined Cycle (IGCC) 
offer many advantages over conventional coal combustion for the reduction of CO2 emissions. The higher 
operating efficiency of IGCC systems allows the same amount of electricity to be produced from a 
smaller amount of coal, thus lowering the amount of CO2 emitted. Additionally, the high-temperature, 
high-pressure, and high CO2concentration conditions of the syngas generated may be leveraged to 
effectively separate CO2 from the syngas at significantly lower costs compared to conventional pulverized 
coal boilers. Near complete CO2 separation from the IGCC can be possible by using a water gas shift 
process (CO + H2O = CO2 + H2) to convert the CO present in the syngas to CO2 prior to the CO2 
separation process. The product gas after the water gas shift and CO2 separation processes will contain 
predominantly H2, which can be combusted in the gas turbine, resulting in the release of only the limited 
amount of CO2 present after the CO2 capture process. To achieve low levels of CO2 emissions from 
IGCC, more effective separation systems must be developed. 

6.2 Background 
6.2.1 Theory 

RTI has been working on the development of durable, regenerable, high-temperature CO2 
sorbents for syngas applications. The objective was to develop regenerable materials that selectively sorb 
CO2 from syngas to very low levels and easily desorb CO2 by a thermal, pressure, or concentration swing 
mechanism. Extensive preliminary work on thermodynamic evaluation, synthesis, and screening of 
potential sorbent materials (e.g., lithium silicate, lithium aluminate, sodium aluminate, etc.) indicated that 
lithium orthosilicate (Li4SiO4) was the most promising candidate [Gangwal et al., 2003]. Toshiba [Kato et 
al., 2002] had also investigated the utility of Li4SiO4 to remove CO2 from flue-gas applications. The 
removal of CO2 by Li4SiO4 is based upon the reversible reaction shown in Equation 6.1. The reaction 
between Li4SiO4 and CO2 is exothermic, with a reaction enthalpy ΔH°298K of –142 kJ/mol. 

 ( ) 3232244 SiOLiCOLigCOSiOLi +⎯→←+  (6.1) 
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The equilibrium partial pressure profile of CO2 in Li4SiO4 as a function of temperature is 
presented in Figure  6-1. This thermodynamic profile shows that the Li4SiO4 material may be contacted 
with syngas at temperatures below 600 °C to sorb CO2 from the syngas. For instance, contacting Li4SiO4 
with shifted wet-O2 blown coal syngas at 550 °C and 300 psig would remove 99% of CO2 from the 
syngas, assuming the system is able to reach equilibrium. After CO2 sorption, Li4SiO4 could then be 
regenerated by heating to produce a CO2 stream that can be compressed to sequestration pressure. From 
this information, Li4SiO4 shows promise as a sorbent material for removing CO2 from syngas. 
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Figure  6-1. Equilibrium CO2 partial pressure–temperature behavior for 

Li4SiO4 according to Equation 6.1. 

6.2.2 Competing Technologies 

Currently, technologies being developed for CO2 removal from coal syngas fall into two 
categories: those that operate at elevated temperatures and those that operate at near-ambient 
temperatures. Capture of CO2 from high-temperature syngas is particularly attractive because the thermal 
penalty due to cooling of the syngas is minimized, allowing for an IGCC process with significantly higher 
thermal efficiency. For high-temperature CO2 removal, CaO has been the most widely studied candidate, 
with emphasis on single-use applications for flue-gas CO2 removal [Gupta and Fan, 2002, Salvador et al., 
2003]. Although CaO offers high CO2 sorption capacity, a regenerable CaO-based sorbent has major 
regeneration problems, including decrepitation from the large molecular volume change between the 
oxide and carbonate molecules, rapid deactivation, and regeneration temperatures of at least 750 °C. 
Other metal oxides such as ZnO, CuO, and PbO have also been studied under various conditions, but their 
general performance has not been satisfactory [Sawada et al., 1996, Shaheen and Selim, 1998, Kato et al., 
1999]. 
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For CO2 capture from syngas at high temperature, the predominant approach has involved 
sorbents. By contrast, CO2 capture processes that operate near ambient temperature typically rely on 
either chemical or physical solvents for CO2 capture. Table  6-1 provides a summary of the different 
commercial CO2 scrubbing solvents, operating conditions, and technology developers/licensors. 
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Table  6-1. Commercial CO2 Scrubbing Solvents Used In Industry [Gupta et al., 2003] 

Absorption Process   Solvent  Process conditions  Develop/licensor 
Physical Solvent             
Rectisol  Methanol  10/-70°C, >2 MPa  Lurgi and Linde, Germany, Lotepro Corporation, 

USA 
Puisol  n-methyl-2-pyrolidone (NMP)  10/+40°C, >2 MPa  Lurgi, Germany 
Selexol  dimethyl ethers of polyethylene 

glycol (DMPEG) 
 40°C, 2-3 MPa  Union Carbide, USA 

Fluor Solvent  Propylene carbonate  3.1-6.9 Mpa  Fluor, El Paso, USA 
Chemical Solvent        
Organic (Amine based)        
MEA  2.5 n monoethanolamine and 

chemical inhibitors 
 ~40°C, ambient-intermediate 

pressures 
 Dow Chemical, USA 

Amine Guard (MEA)  5 n monoethanolamine and 
chemical inhibitors 

 ~40°C, ambient-intermediate 
pressures 

 Union Carbide, USA 

Econamine (DGA)  6n diglycolamine  80-120°C, 6.3 MPa  SNEA version by Societe National Elf Aquitane, 
France 

ADIP (DIPA & MDEA)  2-4 n diisopropanolamine 2 n 
methyldiethanolamine 

 35-40°C, >0.1 MPa  Shell, Netherlands 

MDEA  2 n methyldiethanolamine      
Flexsorb/KS-1, KS-2, KS-3  Hindred amine    Exxon, USA, M.H.I. 
Inorganic        
Benfield and versions  Potassium carbonate & 

catalysts Lurgi and Catarcab 
with arsenic trioxide 

 70-120°C, 2.2-7 MPa  Lurgi, Germany; Eickmeyer and Associates, 
USA; Giammarco Vetrocoke, Italy 

Physical/ Chemical Solvents        

Sulfinal-D and Sulfinaol-M  Mixture of DPIA or MDEA, 
water and tetrahydrothiopene 
(DIPAM) or diethyalmine 

 > 0.5 MPa  Shell, Netherlands 

Amisol   Mixture of methanol and MEA, 
DEA, diisopropylamine 
(DIPAM) or diethylamine 

  5/40°C, >1 MPa   Lurgi, Germany 
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6.2.3 Preliminary High-Temperature CO2 Removal Process Economics 
Analysis 

Because the ultimate objective of CO2 capture from syngas is to reduce the CO2 footprint 
associated with the use of coal for the production of electric power and potentially chemicals, the large 
fraction of carbon monoxide present in coal-derived syngas must be converted to CO2 prior to or as part 
of the CO2 capture process. This results in the production of a gas stream, which is composed primarily of 
hydrogen. Because conventional commercial water-gas-shift (WGS) processes combined with amine 
purification (CO2 removal) and pressure swing adsorption (PSA) operations also produce high purity H2 
product, this combination of conventional commercial technologies can be used to create a techno-
economic baseline against which to compare emerging technologies. 

Therefore, early in the project, preliminary evaluations of process economics were completed by 
our industrial partner BOC for two process cases: (i) conventional H2 generation from a conventional coal 
process and (ii) H2 generation from a new process based on RTI’s sulfur and carbon dioxide cleanup 
technologies under development. The new process concept for high-temperature CO2 removal (HTCR) 
makes use of a Li4SiO4-based sorbent to enhance conversion of carbon monoxide to hydrogen via the 
WGS reaction at high temperature by eliminating CO2 continuously. The process flow designs for each 
case were developed using the HYSYS® process simulation package. The developed simulation tools 
estimated the cost of hydrogen production for the two different process cases and identified the 
advantages and disadvantages for commercialization of RTI’s Li4SiO4-based sorbent technology. BOC 
established process criteria for screening the two H2 production process candidates. The desired 
requirements for a successful process are listed in Table  6-2. 

Table  6-2. Desired Process Requirements for Conventional Process (Case A) and Novel Process 
(Case B) for H2 Generation 

Design basis Case A Case B 
Raw syngas feedstock 391psia, 932 °F, 5.5 KTPD syngas 
Raw syngas composition 42% CO, 33% H2, 12% H2O, 10% CO2, 7,800 ppm H2S 
Scrubber Scrubber with two trays None 
Desulfurization Proprietary amine system HTDS 
CO shift Two-stage high-temperature HTCR 
Sulfur recovery Sulfuric acid as byproduct 
CO2 recovery None Potential CO2 sequestration 
Hydrogen purification Conventional pressure swing adsorption 
PSA tailgas Fired in auxiliary boiler  
Hydrogen utilization 315 psia at plant gate 
H2 product purity 99+% 99+% 
H2 yield from CO* 78% 90% 
* H2 yield in Parsons Report: 65.4%, the target of H2 yield from raw syngas is 90% for this study. As a result, the 

process scheme is modified as appropriate. The purity of H2 is maintained at 99+%. 

6.2.3.1  Conventional Process (Case A) 

A standard conventional process was prepared by combining BOC internal information on 
hydrogen generation by partial oxidation with the Parsons Report [DOE/NETL, 2003]. The standard 
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Figure  6-2. Block flow diagram for conventional H2 generation from gasification (Case A). 

The purity of the final H2 product was maintained at 99 mol%. Commercially available 
equipment, such as tanks, heat exchangers, pumps, and compressors, were chosen carefully for cost 
estimation. In addition, concerns regarding pressure and temperature, as well as other safety aspects were 
taken into account for proper cost estimation. The operating cost was also estimated based on such 
designed process. The scope of this study is outlined by the blue dotted line in Figure  6-2. Raw syngas 
was treated as appropriate to generate H2 and to remove sulfur components, such as H2S and COS, CO2, 
and other impurities with an amine unit. A more detailed process scheme for process simulation is given 
in Figure  6-3. 

Process Description 
Scrubber Section: Quenched syngas was contacted with condensate water in the scrubber to 

ensure thorough mixing and saturation. The particle-laden syngas mixture entered the base of the 
scrubber, where a countercurrent water flow effectively captured and entrained the particles and saturated 
the syngas with water vapor. 

Shift Reaction Section: Water-saturated syngas from the syngas scrubber was preheated to 
357 °C in a fire heater and introduced to the first high-temperature shift reactor. Carbon monoxide and 
water were converted to carbon dioxide and hydrogen through the WGS reaction, CO + H2O = CO2 + H2. 

Because the shift reaction is highly exothermic, temperature increased significantly across the 
catalyst bed, with the syngas leaving the first bed at 502 °C. The majority of CO was converted in the first 
bed. The heat of the first shift effluent was utilized for feed preheat. The remaining CO was converted in 
the second shift reactor. With little CO present in the feed, the temperature difference across the second 
bed was less prominent. Temperature of the effluent leaving the second bed was 385 °C. 

6-6 



 6. High-Temperature CO2 Removal 

6-7 

 

PSA

1st high temp
shift reactor

Amine Unit

Steam

Raw syngas

Hydrogen
product

Acid gas

Condensate
K.O. drum

Condensate
drum

Condensate
Pump

HP steam
generator

Shift trim
cooler

ST condensate
heater

LP steam
generator

2nd high temp
shift reactor

675oF
376psia

935oF
371psia

703oF
366psia

Tail gas

Water
scrubber

932oF
391psia

715oF
376psia

95oF
330psia

99oF
319psia

88oF
18psia

101oF
315psia

725oF
361psia

Process
condensate

Water out

315oF
381psia

Condensate
purge

Quench
water

Steam trace

Shift reactor
preheater

Raw syngas
cooler

 
Figure  6-3. Conventional H2 production scheme from a gasifier (Case A). 

Heat Recovery Section: A series of heat exchangers and condensate drums were used to 
optimize the heat recovery from the shift effluent. Syngas was cooled from 385 °C to 258 °C while 
producing saturated 30-bar steam. The second heat exchanger was installed to heat the warm process 
condensate, which was pumped by process condensate pumps and recycled to the syngas scrubber. 
Additional heat exchangers were used to cool the syngas further to 86 °C. The syngas was finally cooled 
with cooling water to 35 °C. 

CO2 Recovery Section: The CO2 recovery unit was based on the MDEA (methyldiethanolamine) 
process. MDEA was contacted with the syngas in two packed beds in the absorber column. MDEA 
solvent absorbed mostly CO2 and H2S and trace amounts of other species. Clean syngas from the absorber 
was introduced to the PSA section for hydrogen purification and recovery. 

Hydrogen Recovery and Purification: The PSA unit was made up of multiple adsorption beds 
that recover 90% of the available hydrogen from the syngas. The final product had a purity of 99 mol%. 
Each adsorption bed was filled with several layers of adsorbent materials so that hydrogen passed through 
the beds while contaminant species were physically adsorbed onto the material. The PSA beds 
continuously cycled through the adsorption, depressurization, desorption, and pressurization steps on a 
fixed preset period (typically, 5 to 10 minutes). Product hydrogen was filtered to remove PSA dust and 
routed to hydrogen compressors, if necessary. Desorbed off gases from PSA vessels were mixed, and 
pressure fluctuations were stabilized in a PSA surge drum. Off gas from PSA was a low-pressure, 
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low-calorific gas that was compressed in the PSA tail gas compressor and routed to the burner for further 
heat recovery. 

6.2.3.2 Proposed Novel Process (Case B) 

For development of the new process scheme, BOC reviewed promising coupled or decoupled 
reaction–separation process technologies employing novel sorbent materials being developed by RTI. The 
proposed process was chosen to focus on raw syngas cleanup. A general overview of the proposed novel 
process, which includes the Li4SiO4-based CO2 sorbent, is presented in Figure  6-4. The blue dotted line 
again shows the scope of this techno-economic analysis for Case B. The gasification and other process 
units, such as feed preparation, sulfur plant, and steam turbine system, were evaluated in the same manner 
as that used for Case A. A wide range of economic information along with previous work done at BOC 
was implemented to obtain a capital cost breakdown. A more detailed process scheme is provided in 
Figure  6-5. 
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Process Description 
HTDS (High-Temperature Desulfurization): The inlet feed to the HTDS unit was 500 °C and 

391 psi. The HTDS sorbent removed 99.9% of sulfur compounds, and the required air for regeneration 
was defined as 1.5 moles of O2 per mole of sulfur. The compressed air was heated by a heat exchanger 
located at the HTCR product line, followed by an additional fire heater to reach 500 °C. The HTDS waste 
tail gas was formed by the combustion of adsorbed sulfur components (99.9% conversion), resulting in a 
gas temperature rise to 650 °C. The sweet gas recovered the tail gas heat to maintain the temperature at 
490 °C. The remaining tail gas energy was recovered by steam production. 

HTCR (High-Temperature CO2 Removal): HTCR unit was based on a transport reactor design 
that was very similar to the HTDS unit and used a fluidizable Li4SiO4-based sorbent with good attrition 
resistance. Additional steam with sweet gas from the HTDS was introduced to the HTCR, maintaining the 
steam-to-carbon ratio at 2. Reaction conditions in the HTCR were assumed to be 490 °C and 381 psi. The 
sorbent was also assumed to carry out the WGS reaction and CO2 sorption simultaneously so that the CO 
conversion could be as high as 99.8% in a single train. Regeneration of CO2-saturated sorbent was 
assumed to use superheated steam, and the required amount was assumed to be 0.5 mole of steam per 
mole of CO2 in the preliminary process evaluation. 

Heat Recovery: As for Case A, a series of exchangers and knockout (KO) drums were used to 
optimize the heat recovery from the HTCR unit in Case B. The HTCR product was composed of 63% H2 
and 35% H2O along with impurities. The HTCR product was cooled from 475 °C to 177 °C while 
producing saturated 30-, 15-, and 4-bar steam. The HTCR product was cooled further to 35 °C by cooling 
water for the downstream PSA step. Cold condensates from the KO drums were removed from the 
system. 

Hydrogen Recovery and Purification: PSA feedstock was composed of 97% H2 with 
impurities. The principle and operation scheme were similar to that for Case A. The recovery of H2 was 
estimated to be 90%. 

6.2.3.3 Economic Analysis 

Hydrogen production from raw syngas was simulated for the Case A and Case B scenarios 
described above by using BOC’s HYSYS® model. The cost to demonstrate hydrogen production from 
raw syngas was estimated for a plant under the following conditions: 

■ Location: US Gulf coast 
■ Cost Index: Year 2004 
■ Plant size: 5.5 ktpd raw syngas feedstock 

Economic assessments of capital and operating costs were based on evaluations of the 
conventional process flow scheme to determine equipments sizes and capacities for the base case 
(Case A). Costs for the new process flow scheme (Case B) implementing RTI-proprietary HTDS and 
HTCR process technologies were evaluated similarly. Key features of Case B are 
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■ Use of high temperature, high-performance CO2 sorbent at elevated pressure 
■ Short-cycle transport-bed-type HTCR 
■ Enhanced WGS reaction by continuous elimination (removal) of CO2 
■ Use of high-pressure steam for regeneration for fast-cycle and high-quality CO2 recovery 
■ Effective heat recovery through heat exchangers 
■ Single-pass process without any recycle stream 

The process scheme involved cleaning, shifting, and purifying to produce a hydrogen stream with 99% 
purity with 90% hydrogen recovery from raw syngas. Basic assumptions made for Case B are listed 
below and are expected to be used as guidelines for subsequent sorbent development work. 

■ O2-to-sulfur mole ratio for HTDS regeneration = 1.5 at 500 °C 
■ Steam-to-CO mole ratio of HTCR feed stream = 2.0 at 490 °C 
■ CO conversion in HTCR = 99.75% at 490°C 
■ Steam-to-CO2 mole ratio for HTCR regeneration = 0.5 at 600 °C 
■ Capital cost of HTDS and HTCR = $40MM 

Based on RTI lab data and assumptions, an economic analysis was performed to evaluate each process 
case. Economic analysis summaries of the two cases are presented in Table  6-3 and 6-4. 
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Table  6-3. Capital Cost Summary 

Item Description 
Cost ($ × 1,000) 

Case A Case B 
  $ x1000 $ x1000 

 Purchased equipment, FOB   
1 1st high temperature shift reactor 1,610 X 
2 2nd high temperature shift reactor 1,583 X 
3 Raw syngas cooler 81 X 
4 Air preheater X 31 
5 Intercooler 203 31 
6 HP steam generator 110 83 
7 IP steam generator 110 69 
8 LP steam generator 380 40 
9 ST condensate heater exchanger 537 537 
10 Shift trim cooler 318 163 
11 HTCR regen1 (HTCR downstream) X 87 
12 HTCR regen2 (HTCR downstream) X 67 
13 HTCR regen3 (HTCR downstream) X 38 
15 HTDS regen1 (HTDS downstream) X 16 
16 HTDS regen2 (HTDS downstream) X 11 

 HTDS regen3 (HTDS downstream) X 11 
17 Condensate K.O. drum 525  
18 Condensate drum 845 453 
19 Raw gas coolers X X 
20 Raw gas knock out drum X X 
21 Compressor X 1,326 
22 Scrubber 995 X 
23 Fire heater (1st WGS, air for HTDS) 2,308 43 
24 Fire heater (scrubber cond, steam for HTCR) 975 2,934 

 Fire heater (steam for HTCR regen)  1,820 
 Water pump 171 X 

   
 Total purchased equipments 10,580 7,760 
 Lang factor: Fluid-processing plant (×4.8) 50,784 37,249 
   
 Turnkey package   

A1 Amine unit 29,475 X 
A2 Sulfuric acid plant 11,636 11,636 
A3 PSA unit 12,858 11,569 
A4 HTDS unit X 18,230 
A5 HTCR unit X 22,369 

   
 Total Capital Cost 104,753 101,052 
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Table  6-4 Utility Cost Analysis Summary 

Utilities Unit cost 
Case A  Case B 

Consumption Cost  Consumption Cost 
Steam $/Klb Klb/hr $/hr  Klb/hr $/hr 

 6.00 205.38 1,232.26  139.99 839.92 
Cooling Water $/Kgal Kgal/hr $/hr  Kgal/hr $/hr 

 0.05 3,679.91 184.00  184.92 9.25 
Process Water $/Kgal Kgal/hr $/hr  Kgal/hr $/hr 

 1.18 4.88 5.76  0.00 0.00 
Electricity $/kWh kW $/hr  kW $/hr 

 0.07 3,640.23 254.82  3,397.50 237.83 
Fuel $/Mbtu Mbtu/hr $/hr  Mbtu/hr $/hr 

 4.50 73.49 330.69  123.66 556.46 
       

Total utility cost $/hr  2,007.52   1,643.45 
       

Utility cost for H2 ¢/lb H2  6.49   4.47 

Estimated construction costs for commercial-scale demonstration of a conventional process (Case 
A) to convert raw syngas into hydrogen would be around $105MM based on the cost index for 2004. 
Similarly, commercial-scale demonstration of the new process plant (Case B) that includes HTDS and 
HTCR units would cost closer to $101MM, of which $40MM is assumed to be associated with HTDS and 
HTCR capital costs. Depending on the costs of the HTDS and HTCR systems, further reduction in capital 
cost of the Case B process could be expected. 

Estimated utility costs for Case A and Case B are 6.49¢ and 4.47¢ per lb H2, respectively. As 
high-purity CO2 is expected to be recovered for CO2 sequestration, high-pressure steam is needed as the 
regeneration agent. However, the total steam required in Case B is less than that for Case A because the 
shift reaction is assumed to occur at low steam/C ratio. The heat of steam is supposed to be recovered in 
an efficient fashion. By using HTDS, the cooling water required for the amine unit can be eliminated. 
Thus, according to the numbers in Table  6-4, hydrogen production by Case B is projected to be more 
cost-effective than that by the conventional Case A. 

In summary, BOC’s techno-economic study shows that the new process could compete with a 
conventional process if all basic assumptions discussed above are satisfied. Study results indicate that the 
operating costs for the new syngas cleanup process (Case B) could be reduced by 30% compared to that 
for the conventional technology (Case A). 

Although very preliminary, this process economic analysis indicated that RTI’s Li4SiO4-based 
sorbent technology for CO2 capture from warm syngas could be economically attractive if sorbent and 
process development could demonstrate meeting the process assumptions. This therefore established clear 
objectives for sorbent and process development. These objectives include 
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■ Sufficient CO2 sorption kinetics and capacity by the Li4SiO4-based sorbent s to achieve 
99.75% CO2 removal in a single pass 

■ Regeneration of Li4SiO4-based sorbent with 0.5 moles of steam per mole of CO2 
■ Synthesis and preparation of an attrition-resistant, fluidizable Li4SiO4-based sorbent 

6.3 Experimental Methods 
6.3.1 Sorbent Synthesis 

Two different types of Li4SiO4 sorbent materials were synthesized for this project. The first type 
of Li4SiO4 sorbents synthesized was used for the initial materials development (promoters, etc.) and was 
optimized as extrudates for a fixed-bed sorbent application. The second type of Li4SiO4 sorbents was 
fluidizable and was developed as a spray-dried material for a fluidized reactor system, which has much 
better process heat management characteristics and allows for the design of a continuous 
sorption/regeneration process. 

6.3.2 Thermogravimetric Analysis 

The progress of a non-catalytic gas-solid reaction could be easily monitored by using 
thermogravimetric analysis (TGA) to determine the change in mass of the solid. The CO2 sorption 
capacity and regenerability of the different sorbent formulations prepared were thus determined in 
atmospheric thermogravimetric experiments performed on a TA Instruments TGA 2050, a schematic of 
which is shown in Figure  6-6. Capable of being operated up to 1,200 °C, this instrument continuously 
measured the weight and the rate of weight change of a sample as a function of time with increasing 
temperature or at a preselected set point temperature. Its low thermal mass furnace, small sample size, and 
fast heating rate allowed a rapid turnaround time for sample screening. Different gas atmospheres used in 
the TGA studies ranged from inert environments (e.g., helium, nitrogen) to binary CO2/He mixtures 
having 5-53% CO2 and from dry to wet gas environments. For all TGA tests, powder samples were used. 

 
Figure  6-6. RTI’s atmospheric-pressure TGA system. 
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6.3.3 Bench-Scale Testing 

The bench-scale testing system used in the development of the Li4SiO4 material is shown in 
Figure  6-7. The reactor consisted of a 2-inch-I.D. quartz tube housed in a vessel that could be pressurized 
at high temperature. A bank of Brooks mass flow controllers (MFCs) was used to supply the reactor with 
simulated coal syngas. An HPLC pump was used to add moisture to the feed gas mixture entering the 
pressurized vessel. After passing through the sorbent reactor, the exiting gas was cooled through a 
condenser before it was sampled and analyzed by gas chromatograph. A data acquisition system 
connected to the reactor test system was used to control experimental conditions and record data. 

 

 
Figure  6-7. RTI’s bench-scale, high pressure sorbent testing system. 

6.4 Results and Discussion 
6.4.1 Sorption and Regeneration Characteristics of Li4SiO4-Based 

Sorbents 

The CO2 sorption/desorption properties of Li4SiO4 materials and Li4SiO4-based sorbents were 
evaluated and screened using atmospheric TGA. The three gas mixture compositions used in the TGA 
experiments are given in Table  6-5. 
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Table  6-5. Gas Mixture Compositions Used for TGA Studies 

Component (vol%) CO2/N2 
Raw syngas 

(w/ H2S) 
Clean syngas 

(w/o H2S) 
CO2 20 12 12 
N2 80 — — 
CO — 48 48 
H2 — 34 35 

H2O — 5 5 
H2S — 1 — 

The CO2 sorption ability of various Li4SiO4 sorbent formulations, including those containing 
promoters to enhance CO2 sorption performance, was investigated over a temperature range of 
300-550 °C at atmospheric pressure. Two materials, identified as Promoter A and Promoter B, were 
investigated as promoters for the Li4SiO4 sorbent because previous materials development efforts at RTI 
had shown that the addition of these promoters could improve catalyst/sorbent performance. 

Figure  6-8 presents the effect of various Promoter A loadings on Li4SiO4 sorbent performance. 
The addition of Promoter A substantially enhances the sorbent’s CO2 sorption capacity, especially relative 
to that of the unpromoted sorbent. An optimal Promoter A loading of 10 wt% was found from the study. 
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Figure  6-8. Effect of different Promoter A loadings on Li4SiO4 sorbent 

performance in binary 20% CO2/N2 environment. 

The CO2 capacities of Li4SiO4-based sorbents made with two different promoters — 10 wt% 
Promoter A and 10 wt% Promoter B— are compared to each other and to that of the unpromoted sorbent 
in Figure  6-9 and Table  6-6. The addition of the promoters improves CO2 uptake in a binary CO2/N2 
environment and in dry and wet syngas mixture environments. Furthermore, the sorbents do not lose CO2 
capacity in the presence of 1 vol% H2S, proving that the sorbent materials are inherently resistant to sulfur 
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Figure  6-9. CO2 uptake capacities of Li4SiO4 sorbent with and without 

promoters in binary 20% CO2/N2 environment. 
 
Table  6-6. Effect of Gas Composition and Promoter Type on CO2 Capacity of Li4SiO4-Based 

Sorbents at 550 °C 

Promoter added 

Capacity* (wt%) 
In 20% 
CO2/N2 

In dry 14.8% 
CO2/CO/H2 

In wet 14.8% 
CO2/CO/H2 

In wet 12.5% 
CO2/H2S/CO/H2 

Without promoter 9 11 17 19 
10 wt% Promoter A 16 20 22 25 
10 wt% Promoter B 23 27 29 30 
* Capacity equals wt% increase of sample after 10 min of exposure to CO2 mixture. 

The CO2 sorption capacity of the optimized B-promoted Li4SiO4 sorbent was evaluated as a 
function of temperature in a binary 20% CO2/N2 atmosphere, and the results are presented in Figure  6-10. 
Increasing temperature increases the rate of CO2 uptake and, hence, the apparent total CO2 capacity 
measured in the promoted sorbent. For example, at 600 °C, the weight gain of over 30 wt% was reached 
within 10 min of exposure to the 20% CO2 in N2 atmosphere. At 550 °C, however, the lower weight gain 
of 25 wt% was reached after a longer exposure period of nearly 35 min. 
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Figure  6-10. Effect of reaction temperature on Li4SiO4 sorbent loaded 

with 10 wt% Promoter B in binary 20% CO2/N2 environment. 

Typical CO2 sorption profiles for the optimized B-promoted Li4SiO4 sorbent in a simulated coal 
syngas environment containing no H2S are shown at different temperatures in Figure  6-11. For example, 
at 550 °C, the sorbent exhibited a CO2 uptake capacity of 29-30 wt%. Although the Li4SiO4-based sorbent 
reacts with CO2 over a wide range of temperatures, its reactivity decreases with decreasing temperature, 
consistent with the behavior seen in Figure  6-10. This decrease in reaction rate is not a consequence of the 
reaction thermodynamics that favor lower temperatures but rather of the slower rates of diffusion, 
sorption, and reaction at the lower temperatures. 

The regenerability of spent Li4SiO4 was also demonstrated in an inert environment (nitrogen or 
helium) in atmospheric TGA tests. As shown in Figure  6-12, at a constant temperature of 550 °C, the 
sorbent reacted with CO2 in the binary CO2/N2 mixture and the clean syngas mixture and, upon switching 
to an inert purge gas, fully regenerated. 

After demonstrating that the Li4SiO4 sorbent effectively sorbs CO2 from clean syngas and is 
regenerable in an inert purge environment, performance stability of the sorbent was investigated. 
Multicycle sorption/desorption studies on the B-promoted Li4SiO4 sorbent were performed in various 
CO2-containing gas environments in the atmospheric TGA system. These multicycle experiments were 
completed at 550 °C, and the sorbent was regenerated using N2 purge. As shown in Figure  6-13, for the 
first 2,505 min, multicycle tests were conducted in a 20% CO2 in N2 atmosphere. After 2,505 min, the 
tests were completed in dry and wet syngas mixture environments with and without H2S (1 vol%), as 
indicated by the regions marked as 1, 2, and 3 in Figure  6-13. These results demonstrate that the sorbent 
possesses good performance stability, showing little to no degradation in its CO2 capacity after 
undergoing several sorption/desorption cycles in each of the different gas environments. The cycling 
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Figure  6-11. Atmospheric TGA weight gain curves of Li4SiO4-based 

sorbent loaded with 10 wt% Promoter B in simulated clean 
syngas with 5% steam and no H2S. 
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Figure  6-12. Regeneration of Li4SiO4 sorbent in inert nitrogen purge 

environment. 
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Figure  6-13. Multicycle performance of Li4SiO4 sorbent loaded with 

10 wt% Promoter B. 

After completing the initial evaluations of different unpromoted and promoted Li4SiO4-based 
sorbent formulations, more detailed, systematic sorption and regeneration kinetic studies were performed 
on the optimal Li4SiO4 sorbent promoted with 10 wt% Promoter B. The kinetic data obtained would be 
useful in developing kinetic models to assist with reactor scale-up and process development. The kinetic 
studies were also done by the atmospheric TGA method. For these TGA tests, the total flow, including 
CO2, steam, or He, was kept at 130 cm3/min, and the concentration of steam, if used, was kept at about 
15-16% (i.e., steam flow ~ 20 cm3/min). The major parameters and their ranges studied for CO2 sorption 
and desorption (regeneration) are listed in Table  6-7. 

Table  6-7. Parameters for CO2 Sorption and 
Desorption Kinetic Studies on 
Li4SiO4-Based Sorbent 

The sorption and regeneration 
cycles in RTI’s Li4SiO4-based sorbent are 
shown in Figure  6-14 at four temperatures 
(600, 620, 640, and 650 °C). The sorption 
cycles (saturation of the sorbent) were 
completed in wet 53% CO2/He. The 
regeneration cycles were done in wet He. 
Under these test conditions, full sorption 
and regeneration can be completed very 
quickly, with no sign of sorbent 
deactivation occurring over the cycles 
presented. 

Parameter Property 
Sorption  

Temperature (°C) 400-725 
CO2 concentration (vol%) 5-70 
Steam concentration (vol%) 0 (dry) or 16 (wet) 

Regeneration  
Temperature (°C) 400-800 
CO2 in regeneration gas (vol%) 0-40 
Steam in regeneration gas (vol%) 0 (dry) or 16 (wet) 
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Figure  6-14. Sorption/regeneration cycles at different temperatures for 

Li4SiO4-based sorbent. Sorption in wet 53% CO2/He. 
Regeneration in wet He. 

Figure  6-15 shows the conversion curves for the four sorption cycles given in Figure  6-14. Over 
the 600-650 °C temperature range examined, the reaction of the sorbent with CO2 was completed in less 
than 1 min. The sorption reaction temperature does not seem to affect the reaction rate, suggesting that 
any reaction resistance could be diffusion-related, particularly from carbonate-layer diffusion resistance. 
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Figure  6-15. Conversion curves as a function of time for the four sorption 

cycles shown in Figure  6-14. Sorption in wet 53% CO2/He. 
Regeneration in wet He. 



 6. High-Temperature CO2 Removal 

6-21 

To better understand the reaction mechanisms and identify potential process conditions, 
sorption/regeneration tests were also performed over broader temperature ranges. Figure  6-16 and 6-17 
present the sorption and regeneration performance curves, respectively, for the Li4SiO4-based sorbent at 
400 to 650 °C. Although the initial sorption rate (up to 40% conversion) is observed to be fast over the 
entire 400-600 °C temperature range, a sorption temperature of 500 °C or higher would be needed to 
achieve both high reaction rate and high CO2 capacity in the sorbent (Figure  6-16). In addition to the 
observed kinetics, however, thermodynamics can play a significant role in a real process, especially when 
other simultaneous reactions (e.g., water gas shift) are involved. Therefore, optimum conditions for 
sorption should be chosen on the basis of both kinetic data and testing data generated from a realistic test 
protocol for the intended process. On the other hand, regeneration of the Li4SiO4 sorbent is favored both 
kinetically and thermodynamically at higher temperatures. From the curves shown in Figure  6-17, 
regeneration temperatures of 550 °C or higher should be used when an inert purge gas or pure steam is 
used. 

For a commercially viable sorbent regeneration process, though, high CO2 concentration in the 
regeneration gas stream and easy separation of CO2 are required. Because of the reversible nature of the 
regeneration reaction, it is possible that sorbent regeneration can become increasingly inhibited as CO2 
desorbs from the sorbent and increases in concentration within the regeneration reactor. Therefore, to 
investigate the effect of CO2 concentration on the regenerability of the Li4SiO4-based sorbent, 
regeneration cycles were done at sorption temperature in a wet 10% CO2/He environment first, followed 
by a wet pure He atmosphere when the regeneration rate in 10% CO2 became extremely slow. These 
regeneration curves are presented in Figure  6-18. As in the earlier tests, all sorption cycles in this plot 
were performed in a wet 53% CO2/He atmosphere. 
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Figure  6-16. Effect of temperature on the CO2 sorption reaction 

conversion as a function of time in Li4SiO4-based sorbent. 
Sorption in wet 53% CO2/He. 
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Figure  6-17. Effect of temperature on conversion of the CO2 

regeneration reaction as a function of time in Li4SiO4-based 
sorbent. Regeneration in wet He. 
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Figure  6-18. Sorption/regeneration cycles at different temperatures for 

Li4SiO4-based sorbent. Sorption in wet 53% CO2/He. 
Regeneration in wet 10% CO2/He first, followed by wet pure He. 

Unlike the sorption cycles, which were completed quickly and very consistently over the 
600-660 °C temperature range, regeneration of the Li4SiO4-based sorbent in the presence of CO2 and 
steam proved to be difficult. The L-shaped curves at the top of the regeneration curves in Figure  6-18 
represent the regeneration in 10% CO2 and show that only partial regeneration is possible in 10% CO2. 
Furthermore, the degree of regeneration increases with increasing temperature due to the higher 
equilibrium CO2 partial pressure at elevated temperatures. Complete regeneration can only be achieved 
when a gas with no CO2, such as pure He, was introduced. 
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As shown in Figure  6-19, temperature-swing regeneration studies were also performed to 
determine the effectiveness of this regeneration mode in the presence of different CO2 concentrations in 
the regeneration atmosphere. For convenience, all sorption cycles were completed in a gas with the same 
CO2 concentration as that of the corresponding regeneration cycle. For example, the first sorption cycle 
was completed at 550 °C in wet 40% CO2/He, and the corresponding regeneration cycle by temperature 
swing to 700 °C was begun in the same 40% CO2/He atmosphere. When regeneration became inhibited 
by the CO2 present in the regeneration gas, complete regeneration could only be obtained by again 
switching to a pure He atmosphere. Figure  6-19 clearly shows that, even with a temperature swing to 
700 °C in a dilute 5% CO2/He regeneration gas environment, complete regeneration of the Li4SiO4 
sorbent cannot be achieved. Furthermore, the inhibition effect of CO2 in the regeneration gas becomes 
more significant when CO2 concentration in the regeneration gas increases (e.g., very little regeneration 
was seen in 40% CO2). 
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Figure  6-19. Sorption/regeneration cycles for Li4SiO4-based sorbent in 

gas atmospheres having different CO2 concentration (40%, 
20%, 10%, and 5% CO2). Sorption in wet CO2/He. 
Regeneration by temperature swing from 550 °C to 700 °C, 
first in the sorption environment and then in pure He for 
complete regeneration. 

Figure  6-20 compares the reaction conversion of the four sorption cycles shown in Figure  6-19. 
At 550 °C, the sorption reactions occurring over the 5-40% CO2 concentration range examined are 
observed to be very fast. The effect of CO2 concentration on the sorption reaction rate does not seem to be 
significant, especially when the CO2 concentration is above 5 vol%. 
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Figure  6-20. Conversion over time for CO2 sorption 

cycles shown at different CO2 concentra-
tions in Figure  6-19. Sorption in wet CO2/He 
at 550 °C. 
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Figure  6-21. Effect of a higher regeneration temperature 

of 800 °C on cycling performance stability of 
Li4SiO4-based sorbent. Sorption in wet 5% 
CO2/He. Regeneration by temperature swing 
from 550 °C to 800 °C, first in the sorption 
environment and then in pure He for 
complete regeneration. 

The regeneration behavior plotted in Figure  6-19 suggests that higher temperatures may be 
needed to regenerate the Li4SiO4-based sorbent fully or to a greater extent. One concern, however, is that 
higher temperatures could degrade the sorbent’s activity. Thus, to ensure the thermal stability of the 
sorbent, temperature-swing regeneration tests were performed at the higher temperature of 800 °C. Figure 
 6-21 presents three of the 800 °C regeneration cycles completed first in wet 5% CO2/He, followed by pure 
He (with only an additional ~0.5% weight loss) for complete regeneration. The results show that the 
higher regeneration temperature significantly improves the degree of sorbent regeneration and that the 
sorbent seems to be fairly stable after being exposed to the higher 800 °C regeneration temperature. 
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Experimental regeneration kinetic studies have thus far focused on using wet regeneration gas to 
simulate a process environment that uses steam for regeneration. Pure steam is attractive as a regeneration 
gas because desorbed CO2 can be easily separated from steam by condensing the steam as liquid water, 
thus generating a pure CO2 gas stream that can be processed for sequestration. Although the regeneration 
studies in a steam environment seem to show that the presence of CO2 in the regeneration atmosphere 
inhibits sorbent regeneration, it was still not clear whether steam plays a substantial role in this observed 
inhibition behavior. Thus, to clarify this point, sorption and regeneration cycles were also performed on 
the Li4SiO4-based sorbent at four different temperatures (650, 675, 700, and 725 °C) in dry gases (no 
steam present). As shown by the regeneration performance curves in Figure  6-22, incomplete 
regeneration behavior similar to that in a wet CO2-containing atmosphere is likewise observed in a dry 
regeneration atmosphere, indicating that steam does not appear to play a role in inhibiting sorbent 
regeneration. A comparison of the experimental results for regeneration in dry and wet gas environments 
in Figure  6-23 shows that the dry and wet regeneration reaction conversions in dry and wet atmospheres 
agree very well. 

It is also worth noting that, from the sorption cycles in Figure  6-22, the total CO2 capacity of the 
sorbent starts to decrease as the sorption temperature rises to 700 °C and above. This behavior most 
probably reflects the balance between the simultaneously occurring sorption and regeneration reactions, 
with the regeneration reaction being increasingly favored at these higher temperatures. 

6.4.2 Bench-Scale Testing of Fixed-Bed Li4SiO4-Based Sorbent 

To evaluate the performance of the optimized fixed-bed Li4SiO4–based sorbent under more 
realistic, pressurized conditions, the bench-scale, fixed-bed reactor system shown in Figure  6-7 was used. 
The experimental process conditions used in the bench-scale studies are summarized in Table  6-8. 

Figure  6-24 shows the effluent CO2 concentration profile for a bench-scale test with 2% CO2 in 
N2 at 550 ºC and 280 psig and the temperature profiles T1 and T2 from two thermocouples in the sorbent 
bed. The first thermocouple was located at roughly one-third of the sorbent-bed height; the second 
thermocouple was located at two-thirds of the sorbent-bed height. A small temperature increase in the 
reactor was detected as the exothermic sorption reaction front passed through the sorbent bed. The 
effluent CO2 concentration also tracked the progression of the reaction front through the sorbent bed as 
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Figure  6-22. Sorption/regeneration cycles in dry gas environments (no 
steam) at different temperatures for Li4SiO4-based sorbent. 
Sorption in dry 70% CO2/He. Regeneration at sorption 
temperature, first in dry 5% CO2/He and then in pure He for 
complete regeneration. 
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Figure  6-23. Conversion over time for regeneration of Li4SiO4-based 

sorbent at 650 °C in different gas environments. 

The sorbent performance data in Figure  6-24 is replotted in terms of CO2 removal efficiency 
against CO2 capacity in Figure  6-25. The removal of up to 90% CO2 from the feed gas is accompanied by 
a total capacity of approximately 10.5 wt% in the sorbent, suggesting that the sorbent required for CO2 
removal corresponding to an 11 wt% capacity should be manageable. 
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Table  6-8. Test Conditions and Gas Compositions Used in Bench-Scale 
Tests of Li4SiO4 Sorbent 

Conditions:  
Pressure (psig) 280 
Temperature (ºC) 250-550 
Space Velocity (h-1) 2,000-6,000 

Composition (vol%) CO2/N2 
Clean syngas 
(without H2S) 

Raw syngas 
(with H2S) 

CO2 2 2 2 
N2 98 45 44 

H2O — 18 18 
H2 — 15 15 
CO — 20 20 
H2S — — 1 
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Figure  6-24. Fixed-bed performance of Li4SiO4 sorbent in 2% CO2 in N2 
at 540-565 °C and 280 psig. T1 and T2 represent the inlet 
and outlet temperatures, respectively, of the gas stream. 
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Figure  6-25. CO2 removal efficiency in 2% CO2/N2 feed gas at 540-570 °C 

and 280 psig. 

The performance of the Li4SiO4-based sorbent in a wet, clean syngas feed consisting of 2% CO2, 
20% CO, 15% H2, 18% H2O, and 45% N2 is presented at 550 ºC and 280 psig in Figure  6-26. This plot 
gives the effluent CO and CO2 concentrations from the bench-scale reactor test and the temperature 
profiles from two thermocouples in the sorbent bed. The reactor test data show that the sorbent is not only 
absorbing CO2 but also appears to be catalyzing the conversion of CO into CO2. This CO conversion 
hypothesis is based on several observations about the data. First, the process must be generating 
additional CO2 because the effluent CO2 concentration increases to a maximum of 6% after breakthrough. 
Second, the process must be consuming CO because the effluent CO content is less than the feed 20% CO 
concentration during most of the experiment. The discontinuity seen in the effluent CO concentration 
profile as breakthrough was approached also indicates a change in the CO reaction rate in the reactor. 
Furthermore, the temperature increase in the sorbent bed is significantly higher with the CO-containing, 
2% CO2 syngas feed (Figure  6-26) than with 2% CO2 in N2 feed (Figure  6-24), indicating that reaction 
conditions with syngas are more exothermic. On the basis of these observations, we hypothesize that the 
Li4SiO4 sorbent is catalyzing the water-gas-shift (WGS) reaction CO + H2O = CO2 + H2. 

The thermodynamic driving force for the WGS reaction is provided by the removal of CO2 by the 
Li4SiO4 sorbent. That is, as CO in the syngas is shifted into CO2, the sorbent quickly reacts with this 
product CO2 to further drive the WGS reaction forward. The observed higher exothermicity of the 
reaction environment in Figure  6-26 is therefore due to the combined heat released by the exothermic 
WGS reaction (~37 kJ/mol at 550 ºC) and the exothermic reaction (~115 kJ/mol at 550 ºC) between 
Li4SiO4 and CO2 generated by WGS. Because the sorbent was able to easily handle the additional CO2 
produced by shifting CO, the Li4SiO4–CO2 sorption reaction is apparently not limited by reaction kinetics 
but by the CO2 reactant amount present at the given experimental conditions. 
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Figure  6-26. Fixed-bed performance of Li4SiO4 sorbent in clean syngas 

containing steam and no H2S. 

Another interesting observation about the data presented in Figure  6-26 is that, even after the 
Li4SiO4 sorbent became saturated with CO2, the effluent CO2 concentration remained greater than the 
feed CO2 concentration of 2%. This result suggests that the sorbent continued to catalyze the WGS 
reaction past the CO2 breakthrough capacity point. Based on the CO and CO2 effluent concentrations and 
>90% CO2 removal from the feed gas, the sorbent’s CO2 capacity was calculated to be ~13 wt% in clean 
syngas. This capacity is higher than that obtained with the binary CO2/N2 feed (Figure  6-24) but similar to 
capacity values measured during the atmospheric TGA screening tests. 

Similar Li4SiO4 sorbent performance results were obtained for a raw syngas mixture containing 
5,000 ppmv of H2S, as shown in Figure  6-27. Comparison of the results in Figure  6-26 and 6-27 indicates 
that H2S does not affect the sorbent’s ability to remove CO2 or its ability to catalyze the WGS reaction. 

The CO2 breakthrough capacity at 90% removal efficiency for the Li4SiO4 sorbent over the 
temperature range 250-550 °C in clean syngas is presented in Figure  6-28. A local maximum of >20 wt% 
CO2 capacity is seen for the sorbent at ~300 ºC. The total CO2 capacity has also been divided to show the 
relative contributions from the two types of CO2 uptake: the relative capacity portion due to CO2 removed 
directly from the syngas feed and the portion due to CO-shifted CO2 product removed. The WGS reaction 
and the sorbent–CO2 reaction are both favored more thermodynamically at lower temperatures. However, 
lower temperatures usually have an adverse effect on reaction kinetics. The capacity decrease below 300 
°C is thus attributed to slower kinetics, with the greater effect of lower temperature on WGS kinetics as 
evidenced by the greater decrease seen in the CO-shifted CO2 capacity. 
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Figure  6-27. Fixed-bed performance of Li4SiO4 sorbent with raw (dirty) 

syngas containing steam and 5,000 ppmv H2S. 
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Figure  6-28. Effect of temperature on total CO2 capacity and the relative 

capacity contributions due to feed syngas CO2 removal and 
CO-shifted product CO2 removal for Li4SiO4 sorbent in 
clean syngas at 280 psig. Data obtained for 90% CO2 
removal efficiency. 

The effect of space velocity on CO2 breakthrough capacity of the Li4SiO4 sorbent at 90% removal 
efficiency was also investigated. As shown in Figure  6-29, total CO2 capacity and the capacity associated 
with removal of CO2 product from the WGS (CO-shift) reaction stayed essentially constant over the 
2,000-6,000 h-1 (at STP) space velocity range explored. 
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Figure  6-29. Effect of space velocity on total CO2 capacity and the CO2 

capacity due to CO-shifted CO2 product removal for Li4SiO4 
sorbent in clean syngas at 280 psig. Data obtained for 90% 
CO2 removal efficiency. 

The bench-scale test results above were collected from one batch of Li4SiO4 sorbent in a 
19-cycle, fixed-bed testing program. Although the sorbent was not specifically tested for deactivation, no 
visible sorbent deactivation was observed at the completion of the parametric 19-cycle 
sorption/regeneration testing. A comparison of the physical properties of the sorbent before and after the 
19 test cycles (Table  6-9) shows that, although there were some small changes in the physical properties, 
the sorbent is fairly stable and robust. 

Table  6-9. Physical Properties of Li4SiO4 Sorbent Before and After 19-Cycle Bench-Scale 
Fixed-Bed Testing 

Property Before 19-cycle testing After 19-cycle testing 
BET Surface Area (m2/g) 0.9 0.4 
 Hg Porosimetry:   

Total Pore Volume (cm3/g) 0.34 0.47 
Total Pore Area (m2/g) 19 21.9 
Median Pore Diameter (volume, Å) 4,522 15,375 
Median Pore Diameter (area, Å) 63 58 
Average Pore Diameter (4V/Å) 710 855 
Bulk Density (g/ cm3) 1.4 1.17 
Apparent (skeletal by Hg) density (g/ cm3) 2.64 2.59 
Porosity (%) 47.1 54.8 

Crush Strength (lb, 25-pellet average) 31 34 

Figure  6-30 compares the CO2 sorption performance of the fixed-bed Li4SiO4 sorbent, fresh 
(before 19-cycle testing) and spent (after 19-cycle testing), to the pure promoted Li4SiO4 material. The 
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Figure  6-30. Comparison of the reactivity of fixed-bed Li4SiO4 sorbent 

(before and after 19-cycle bench testing) to that of the pure 
promoted Li4SiO4 material. 

6.5 Implications of Li4SiO4-Based Sorbent Process 
The preliminary process economic modeling done by BOC in Section 6.2.3 had identified key 

target features for an economically competitive, high-temperature, regenerable, sorbent-based CO2 
removal operation. Based on the experimental performance results, Li4SiO4 sorbent exhibits excellent 
CO2 capture properties at high temperatures (500-700 °C). However, the regeneration of this material is 
difficult, especially in the presence of CO2. If Li4SiO4 were used for the transport reactor design, the 
experimental regeneration data indicate that the high-pressure steam consumption requirement would be a 
steam-to-CO2 ratio of ≥20, which is 40 times higher than that assumed in the preliminary process 
economic analysis. Such large amounts of high-pressure, superheated steam for regeneration would 
significantly raise the fuel consumption and fire heat capacity needs of the process, which, in turn, would 
substantially increase capital and operating costs. Efficient recovery of the valuable thermal energy in the 
large quantities of steam would also require increased capital cost. 

On the other hand, if Li4SiO4 were used in a fixed-bed reactor design, the regeneration step would 
be a low-pressure operation in which the steam consumption requirement could be lowered to within the 
assumptions of the preliminary economic model. This decrease in steam, however, would be offset by 
significantly greater compression of the low-pressure CO2 product to raise it to sequestration pressures. 
The fixed-bed design also has the technical challenge of how to heat and cool the large sorbent bed during 
sorption and regeneration, respectively. Furthermore, multiple fixed-bed reactor vessels would be needed 
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as well as an expensive, high-temperature gas-switching valve system. All these issues lead to greater 
capital and operating costs. 

Therefore, if the economic evaluation in Section 6.2.3 were to be repeated using the experimental 
results from the sorbent and process development completed during this project, CO2 capture from warm 
syngas by using a regenerable Li4SiO4-based sorbent technology would demonstrate that this new 
technology is not economically competitive. The primary problem is regeneration of the Li4SiO4-based 
sorbents. Thus, although Li4SiO4, may not be economically competitive for a regenerable CO2 capture 
process, its impressive CO2 sorption performance and reasonable CO2 capacity make it very attractive as 
a non-regenerable polishing bed sorbent for CO2 removal. 

6.6 Conclusions and Recommendations 
This study investigated the feasibility of using lithium silicate (Li4SiO4) sorbents for the removal 

of CO2 from hot coal-derived gases. A number of synthesis/preparation techniques were used to prepare a 
series of Li4SiO4 sorbent formulations with high chemical reactivity and suitable physical properties for 
fixed-bed and fluidized-bed reactor applications. Upon development of an optimized fixed-bed sorbent 
formulation, attempts were made to further modify the material formulation to make it fluidizable. 
Sorbent sorption and regeneration performance were determined in multicycle tests in a high-temperature, 
pressurized bench-scale unit. 

Significant accomplishments and major conclusions of this study are the following: 

■ A preliminary techno-economic analysis of a process employing a regenerable, high-
temperature CO2 sorbent material to produce H2 was completed and compared to a standard 
process using water-gas-shift and pressure swing adsorption technologies. The analysis 
provided performance targets for the development of new sorbents. The results showed that, 
if all design assumptions were met, the newly proposed technology using RTI’s high-
temperature sorbent materials for sulfur and CO2 removal could have an estimated capital cost 
of $101MM, approximately 3.5% less than that for the standard technology. Additionally the 
new proposed design could have a utility cost of 4.5¢/lb H2, which would be 31% less than 
that using the standard technology. 

■ Several synthesis techniques were investigated (including physical mixing and 
co-precipitation) using various starting materials to produce Li4SiO4. 

■ Two promoters (Promoter A and Promoter B) were investigated, and an optimal loading of 
10 wt% Promoter B was found to give the greatest CO2 sorption capacity. 

■ The optimized sorbent formulation of 10 wt% B-promoted Li4SiO4 was used to prepared both 
fixed-bed and fluidized-bed sorbent formulations. 

■ The fixed-bed Li4SiO4 sorbent material was shown to have excellent CO2 removal 
performance at elevated temperatures (500-700 °C). The sorbent was found to readily remove 
CO2 from various gas mixtures including dry, wet, clean, and raw coal-derived syngas 
mixtures. 

■ The fixed-bed sorbent formulation was found to have a very good CO2 removal efficiency to 
weight ratio. Studies showed that the 10 wt% B-loaded Li4SiO4 sorbent was able to maintain 
a 90% CO2 removal efficiency with a weight gain up to 10.5 wt%. 
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■ Little to no degradation in sorption capacity of the fixed-bed sorbent formulation was seen 
after extended testing (19 sorption/regeneration cycles). 

■ The developed fixed-bed sorbent material demonstrated the ability to be used to produce a 
pure H2 product from coal-derived syngas. 

■ Regeneration of Li4SiO4 –based sorbent materials was found to be difficult in the presence of 
CO2. Much higher regeneration temperatures, up to 900 °C, were found to be necessary to 
regenerate these materials in the presence of CO2 and steam. 

■ Due to the significant Li4SiO4 regeneration challenges that cannot be overcome, the process 
using a regenerable Li4SiO4 material is not economically viable and will not be able to meet 
the design criteria found from the preliminary techno-economic study. 

■ Due to the great sorption performance and good CO2 sorption capacity of the Li4SiO4 sorbent, 
the material may be attractive as a polishing bed material for CO2 removal. 

A much better understanding of the characteristics needed in a regenerable sorbent for high-
temperature CO2 removal was obtained from the Li4SiO4 research and development work performed in 
this project. The most important requirement for regeneration will be the ability to desorb CO2 at much 
higher pressures without having to significantly increase the desorption temperature. The physical 
implication of this is that the thermodynamic equilibrium CO2 pressure/temperature profile should be 
much steeper than that shown in Figure 6-1 for Li4SiO4. Because of the importance of the ability to 
regenerate in a high partial pressure of CO2, the original atmospheric TGA screening process used in this 
project to identify Li4SiO4 did not possess the ability to effectively measure this important regeneration 
criterion. Thus, an improved screening protocol that uses a high-pressure TGA has been identified. This 
protocol is being implemented to rescreen potential sorbent candidates under the ongoing DOE 
Cooperative agreement DE-FC26-05NT42459. 



7. Development of Polymer Membrane 
System for CO2 and H2S Removal 

7.1 Introduction 
An important goal of the U.S. Department of Energy’s Advanced Power Systems Program 2012 

is to develop enabling technologies to convert fossil fuels into electricity and value-added chemicals. 
Current and growing reliance on imported oil and natural gas to meet the nation’s electricity and 
transportation fuel needs may endanger our economic future. DOE’s Advanced Power Systems Program 
conceptualized energy facilities that use advanced technologies to convert domestic solid carbonaceous 
fuels, primarily coal, into electricity and co-products (transportation fuels, chemicals, etc.) without 
impacting the environment. One of the enabling technologies specified in the Advanced Power Systems 
Program is “gas stream purification” for removing >90% CO2 and sulfur-containing species (i.e., acid 
gases). During gasification of a carbonaceous feedstock in an integrated gasification combined cycle 
(IGCC) system, fuel-bound contaminants naturally present in carbonaceous materials convert into 
gaseous impurities, such as H2S, COS, NH3, HCN, HCl, and alkali (sodium/potassium) species, and CO2 
is produced as an undesirable byproduct. These contaminants must be removed before the valuable 
synthesis gas (CO and H2) can be utilized for energy or value-added chemicals production. Typically, 
CO2 and the reduced sulfur species (e.g., H2S, COS) in synthesis gas (or syngas) are controlled by amine-
based scrubbing systems. While effective and backed by extensive field experience, these amine systems 
are energy- and capital-intensive as well as environmentally unfriendly. 

An alternative approach to consider for removing acid gases from syngas is membrane-based 
separation technology. Membrane processes are attractive because they are energy-efficient (no phase 
changes occur), require minimal operator attention and maintenance, and are compact and modular, 
allowing for easy retrofit to an existing process. Dense polymer membranes may be used to separate gases 
as a result of the preferential permeation of gas molecules that are more soluble in the polymer, have a 
higher diffusion coefficient in the polymer, or both. Transport occurs as a result of a partial pressure 
driving force across the membrane. Such membranes are employed commercially to produce nitrogen-
enriched air, separate hydrogen from mixtures with nitrogen, ammonia, and hydrocarbons, and remove 
carbon dioxide from natural gas. 

Gas diffusion rates in polymer membranes depend principally upon the size of the gas molecule, 
with smaller molecules having higher diffusion coefficients and vice versa. Gas solubility typically 
increases as molecular size increases because larger molecules tend to be more condensable (i.e., they 
have higher critical temperatures and lower vapor pressures at ambient conditions, and, therefore more 
readily exist as liquids). Thus, increasing molecular size decreases gas diffusivity but often increases gas 
solubility in a polymer. The overall effect on relative permeability depends on the magnitude of the 
contributions from diffusivity and solubility. In conventional glassy polymers (materials below their glass 
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transition or softening temperature), diffusion coefficients vary much more from gas to gas than solubility 
does and, therefore, these materials are termed diffusivity-selective (“size-selective”). In contrast, for 
rubbery polymers and certain high-free-volume glassy polymers, relative solubility dictates relative 
permeability and, therefore, these materials are termed solubility-selective (“reverse-selective”). 

Commercial polymer membrane systems are based on stiff-chain, rigid, glassy materials that 
exhibit high size selectivity. In these membranes, small penetrants permeate the membrane faster than 
larger penetrants [Stern, 1994, Freeman et al, 1997]. If this type of polymer were used for syngas 
conditioning, H2 would easily pass through the membrane and collect in large concentrations on the 
low-pressure side of the membrane (the permeate). However, recompression of this H2-rich stream to feed 
pressure is economically prohibitive. Consequently, for syngas treatment, a different type of membrane is 
needed: one that exhibits reverse selectivity (i.e., preferentially permeates larger species, leaving the H2-
rich stream at feed pressure). Reverse-selective membranes separate molecules on the basis of their 
chemical properties and not their size. The important factors affecting reverse selectivity are the relative 
condensability of the penetrant molecules and the affinity of the penetrants for the polymer matrix. If 
suitable polymeric membrane materials are developed to selectively permeate H2S, CO2, and other acid or 
polar gases (such as NH3 and H2O) from mixtures with light gases (such as H2, CO, or N2), this 
technology can become an attractive option for a host of applications requiring the removal of acid-gas 
species (such as H2S, COS and CS2) from syngas. In this manner, the acid gases and sulfur impurities in 
syngas could be removed and concentrated into a low-pressure permeate stream, while the desirable, 
purified syngas product, namely H2 and CO, is maintained at high-pressure (close to the feed pressure of 
the raw syngas sent to the membrane) as a non-permeate (residue) stream. By adjusting membrane 
process operating conditions (feed gas flow, feed and permeate pressures, etc.), the final cleaned syngas 
specifications could be easily varied to meet different bulk syngas conditioning requirements for power 
generation and chemical production. 

For the membrane technology development task on this DOE program, RTI worked with 
MEDAL (MEmbrane DuPont Air Liquide) — a joint venture between DuPont and Air Liquide (and a 
wholly owned subsidiary of Air Liquide) — and first with North Carolina State University (NCSU) and 
then The University of Texas (UT) at Austin to develop polymer membrane technology for bulk removal 
of acid gases (CO2, H2S, COS, etc.) from syngas. (The academic partner on this DOE program started 
with NCSU and later changed to UT when the university principal investigator, Dr. Benny Freeman, 
moved to UT.) The chemistry of the membranes developed in this project are specifically tailored to 
enhance the “reverse selectivity” of the polymer materials to preferentially remove acid and polar gas 
components (H2S, CO2, NH3, and H2O) from syngas by focusing on the “solubility selectivity” of novel 
polymer compositions. The initial Base Program had made significant progress in synthesizing a variety 
of polymer membrane films with significantly improved acid-gas/H2 selectivities, established that gas 
transport behavior in these reverse-selective polymers was consistent with the molecular properties of the 
gas species, and conducted membrane process simulations indicating that removal of 80-90% sulfur and 
50-60% CO2 without appreciable H2 loss should be possible with the reverse-selective membrane 
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approach. Reverse-selective membrane technology development efforts on this DOE contract continued 
under the Option Program and are reported and discussed here. 

7.2 Laboratory Experimental Methods 
7.2.1 Materials Characterization 

Thermal characterization tests were conducted using differential scanning calorimetry (DSC) on 
selected block copolymer membrane films (e.g., polyester-polyether copolymer) to shed light on any 
permeability–temperature behavior differences observed between film samples formed by two different 
methods, solvent-casting versus melt-pressing, for a given copolymer. All DSC tests were performed in 
nitrogen atmosphere at a heating rate of 5 °C/min. 

Dynamic mechanical analysis and Instron tensile tests were performed to provide information 
regarding the mechanical properties of cross-linked membrane materials. Membrane materials must be 
robust enough to sustain high feed pressures, which can range up to 1,000 psig for the applications under 
consideration here. 

Proton nuclear magnetic resonance (1H NMR) [Silverstein et al, 1991, Dust et al, 1990] and fast 
atom bombardment mass spectrometry (FAB-MS) [Silverstein et al, 1991, Lattimer, 1983/1984] were 
used to confirm the molecular weight of the monomers and cross-linker used to synthesize the cross-
linked polyether oxide membrane materials. Samples for 1H NMR were prepared by dissolving dry 
monomer or cross-linker in CDCl3 at concentrations between 5 and 10 wt.%. 1H NMR spectra were 
recorded on a VARIAN INOVA-500 spectrometer operating at 500 MHz. 1H NMR data are reported in 
ppm relative to tetramethylsilane (TMS). The spectrometer was routinely adjusted as follows: spin rate, 
20 rpm; pulse width, 2.0 μs; sweep width, 9256 Hz; line broadening (for exponential multiplication), 0.1 
Hz with 128K data points. The relaxation delay was 24 seconds (i.e., 5T1). The FAB-MS instrument was 
a Finnigan MAT TSQ 700 mass spectrometer/data system. The matrix used was m-nitrobenzylic alcohol 
(MNBA). The fast atom gun (Ion Tech Model FAB-11-GG) provided xenon atoms at 7.2 keV. The 
instrumental resolution (M/ΔM) was 1000, and the ion source temperature was 70 °C. Typical FAB-MS 
results are presented as a graph of relative intensity versus mass/charge (m/z). Polydispersity of the 
monomers and cross-linker were also determined by FAB-MS. 

Atmospheric thermogravimetric (TGA) experiments were conducted to measure the CO2 sorption 
capacity and regenerability of the different membrane formulations prepared. All TGA experiments were 
performed on a TA Instruments TGA 2050, a schematic of which is shown in Figure 7-1. Capable of 
being operated up to 1,200 °C, this instrument continuously measured the weight and the rate of weight 
change of a sample as a function of time with increasing temperature or at a preselected setpoint 
temperature. Its low thermal mass furnace, small sample size, and fast heating rate allowed a rapid 
turnaround time for sample screening. TGA environments of pure He, pure CO2, moist He, and moist CO2 
at 75 °C and 1 atm were used for the analysis. Pure He was used to create around the sample an inert, 
reference environment in which gas desorption from the sample can occur between different sorption 

7-3 



 7. Development of Polymer Membrane System for CO2 and H2S Removal 

cycles. Because He uptake in polymers and liquids is usually negligible relative to the uptake of 
penetrants such as CO2 and moisture, sorption in the moist He atmosphere is essentially that of H2O 
vapor. 

 
Figure 7-1. Atmospheric-pressure TGA system. 

Additionally, systematic characterization of physical properties of selected polymer materials were 
performed, including: 

1.  Confirmation of average molecular weight of monomers and cross-linkers purchased from 
Aldrich. The techniques used for this study included Mass Spectrometry (MS), Nuclear 
Magnetic Resonance (NMR), and Gel Permeation Chromatograph (GPC). 

2.  Measurement of the reaction conversion of monomers and cross-linkers in the gel phase after 
polymerization by Fourier Transform Infrared (FTIR) spectroscopy. The peak of the 
remaining vinyl groups in the solid film were used to calculate the fraction of unreacted vinyl 
groups. Furthermore, FTIR was used to test if the hydroxyl groups form hydrogen bonds with 
each other or with other polar groups in the polymers containing PEGA. 

3.  Characterization of the d-spacing and crystallinity of crystalline samples by wide angle X-ray 
diffraction (WAXD) and characterization of glass transition temperature and, if samples were 
crystalline, melting temperature by DSC. 

4.  Determination of cross-linking density based on the Flory-Rehner theory or Peppas-Merrill’s 
modified equation [Peppas et al, 1976] and calculation of mesh size in the XL-PEO polymers 
by using solvent swelling experiments. 

5.  Measurement of free volume XL-PEO materials by using position annihilation lifetime 
spectrometry (PALS) through collaboration with Dr. Anita Hill of CSIRO in Australia. 

6. Fundamental studies of the polymerization mechanism [e.g., effect of inhibitor (hydroquinone 
monomethyl ether), effect of oxygen, effect of different initiators, etc. on XL-PEO polymer 
structure]. 
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7.  Mechanical property testing to measure toughness and modulus of the XL-PEO materials as 
well as to determine cross-linking density by an alternative technique. 

7.2.2 Permeation and Sorption Testing 
7.2.2.1 Constant-Volume/Variable-Pressure Method 

Pure-gas permeabilities in synthesized XL-PEO polymers were determined using a constant-
volume/variable-pressure apparatus [Bondar et al, 2000]. The permeation cell in the test system was a 
stainless steel filter holder from Millipore Corporation (47 mm disc filter, Bedford, MA) with an area of 
13.8 cm2. Polymer samples were partially masked using impermeable aluminum tape on the upstream 
face or on the upstream and downstream faces. The o-ring in the permeation cell was in direct contact 
with the aluminum tape so that the soft rubbery XL-PEO films would not be damaged by the o-ring. After 
masking, the surface area of the sample available for gas transport was 5.1 or 1.98 cm2. 

After mounting the membrane film sample in the system, both upstream and downstream 
volumes were exposed to vacuum overnight to degas the film. The leak rate in the system was always 
measured before starting the permeation experiments, and then the pressure increase in the downstream 
volume was recorded. Gas permeability [cm3(STP) cm/(cm2 s cmHg)] was calculated from the steady-
state rate of pressure increase in a fixed downstream volume: 

 ])()[( 11

2
leakss

m

d
A dt

dp
dt
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RTAp
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P −=  (1) 

where Vd is the downstream volume (cm3),  is the film thickness (cm), p2 is the upstream absolute 
pressure (cmHg), Am is the film area available for gas transport (cm2), R is the gas constant 0.278 

cmHg cm3/(cm3(STP) K), T is absolute temperature (K), and 

l

ssdt
dp

)( 1  and leakdt
dp

)( 1  are the steady state 

rates of pressure rise (cmHg/s) in the downstream volume at a fixed upstream pressure and under vacuum, 

respectively. leakdt
dp )( 1  was usually less than 10% of ssdt

dp )( 1 . The downstream pressure was always less 

than 2 cmHg, which was very low relative to the lowest upstream pressure tested (4 atm). 

7.2.2.2 Constant-Pressure/Variable-Volume Method 
Pure-gas and mixed-gas permeabilities of polymer membranes were measured using a modified 

constant-pressure/variable-volume method utilizing a downstream sweep gas. A schematic of this gas 
permeation apparatus used is shown in Figure 7-2. The system uses a Millipore stainless-steel filter holder 
with an effective membrane surface area of 13.8 cm2. The filter holder has been modified to include an 
inlet port on the low-pressure side to allow for a sweep stream, an outlet port on the high-pressure side to 
allow for a residue (nonpermeate) stream, and a thermocouple near the film surface for temperature 
measurement. Feed, residue, and permeate gas stream compositions were measured by two gas 
chromatographs (GCs) connected in series. The first GC is equipped with two thermal conductivity 
detectors (TCDs) and is used for measuring the concentration of non-sulfur gases. The second GC, 
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operating in sulfur mode, is outfitted with a flame photometric detector to detect H2S concentrations less 
than 1% and a TCD to detect H2S concentrations greater than 1%. 

Figure 7-2. Schematic of a modified constant-pressure/variable-volume membrane permeation 
test system with online GC analysis. 

When steady-state transmembrane flux was reached and the feed flow rate was much greater than 
the gas flux through the polymer film (i.e., stage-cut, which equals permeate flux divided by feed flux, < 
1%), the following expression was used to evaluate permeability: 
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where Pi is the permeability coefficient of component i, H is the helium sweep gas flow rate,  is the 
mole fraction of component i in the permeate stream,  is the mole fraction of sweep helium in the 
permeate stream,  is the film thickness, A is the film area available for permeation,  is the partial 
pressure difference across the film for component i, T is the experimental temperature, and pa is 
atmospheric pressure. All permeability coefficients are reported in units of barrers, where 1 barrer = 10-10 
cm3(STP)·cm/(cm2·s·cmHg). 
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Gas permeation properties screenings were completed at room temperature. Promising membrane 
samples were characterized over the feed pressure range of 50-300 psig and, when appropriate, as a 
function of temperature (22-51 °C). In all tests, the permeate pressure was 0 psig. Pure-gas permeation 
experiments were mainly performed with H2 and CO2. Nearly all gas mixture experiments were 
conducted with a synthetic four-component syngas mixture having the composition 1% H2S, 36% H2, 
13% CO2, and 50% CO (small concentration variations are possible). Mixed-gas permeation experiments 
were also completed with a binary mixture of 25% CO2 in a balance of H2. As noted in Section 7.3 
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(Materials Results and Discussion), the Pebax membrane underwent a more comprehensive pure-gas 
regimen. 

For the fluorinated vs. non-fluorinated polymer study, mixed-gas permeation tests were 
conducted with three gas mixtures: (i) a four-component syngas mixture containing 0.7% H2S, 11.7% 
CO2, 36.5% CO, and 51.1% H2; (ii) a second syngas mixture composed of 1.5% H2S, 10.5% CO2, 46% 
CO, and 42% H2; and (iii) a binary mixture containing 15% H2S in nitrogen. High-purity CO2 and N2 
were also used to measure pure-gas permeabilities in the membrane films in this study. The three 
H2S-containing mixtures and both of these pure gases were supplied by National Specialty Gases. 

7.2.2.3 Sorption Measurements  
For sorption experiments in the fluorinated vs. non-fluorinated polymer study, high-purity CO2 

from National Specialty Gases (Durham, NC) and high-purity H2S from Matheson Tri-Gas (Newark, CA) 
were used. The solubilities of CO2 and H2S in the polymers examined in this study were measured in a 
high-pressure barometric sorption apparatus [Merkel et al, 2006]. Initially, a polymer film was placed in a 
sample chamber and exposed to vacuum overnight to outgas. Penetrant gas was then introduced into the 
chamber and allowed to equilibrate. Once the chamber pressure was constant, additional penetrant was 
introduced, and equilibrium was re-established. In this incremental manner, penetrant uptake was 
measured as a function of penetrant pressure. Sorption equilibrium for all gases was reached within, at 
most, a few hours. The experimental temperature was ambient (21 ± 1 °C) in the gas sorption studies. 

7.3 Materials Results and Discussion 
7.3.1 Novel Reverse-Selective Copolymers 

MEDAL determined outside of this project that the materials best suited for reverse-selective 
membranes are hard-segmented/soft-segmented block copolymers. The hard segments provided 
mechanical strength, and the soft segments of appropriate chemistry conferred acid-gas-selective 
properties on the resulting copolymers. MEDAL proposed that the copolymer classes showing promise 
for reverse selectivity are polyamide-polyethers, polyester-polyethers, polyurethane-polyethers, and 
polyurea-polyethers. The basic materials chemistry for CO2 separation from light gases is described in US 
patents 6,860,920 and 6,843,829 [Simmons, 2005] from work MEDAL completed outside of this project.  

The polyurethane-polyether and polyurea-polyether block copolymers contain alternating soft 
segments of polyether [based on polyethylene glycol (PEG)] and hard segments of either polyurethane or 
polyurea. These copolymers were synthesized by typically reacting hydroxyl-terminated PEG with either 
an aromatic or aliphatic diisocyanate followed by a second reaction with either an aliphatic diol (to form a 
polyurethane-polyether) or an aliphatic diamine (to form a polyurea-polyether). The resulting polymers 
contained polyether soft segments and polyurethane or polyurea hard segments. For the first reaction, the 
isocyanates were typically 1,6-hexanediisocyanate, tolylene-2,6-diisocyanate, tolylene-2,4-diisocyanate, 
1,3-xylylenediisocyanate, and 4,4'-methylenebis (phenylisocyanate). For the second reaction, typical diols 
investigated included ethylene glycol, 1,3- or 1-2 propanediol, 1,4-butanediol, or 1,6-hexanediol, and the 
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diamines were 1,2-diaminoethane, 1,4-diaminobutane, 1,5-diaminopentane, 1,5-diaminohexane, and 1,6-
diaminohexane. Specific details of this copolymer synthesis are described in US patent 6,860,920. 

Similarly, the polyester-polyether block copolymers contain alternating polyether soft segments 
and polyester hard segments. These copolymers were produced by reacting hydroxyl-terminated PEG, an 
excess of an aliphatic diol and a dicarboxylic ester of an aromatic / aliphatic diacid in the presence of a 
catalyst. Again, the PEG content comprised the soft segment in the block copolymer. The hard segment 
was derived from the condensation polymerization of the ester arising from the reaction of the aromatic / 
aliphatic diacid with the aliphatic diol. Typical diols were ethylene glycol, 1,3-propanediol, 1,2-
propanediol, 1,4-butanediol, and 1,6-hexanediol. Typical diacids were iso- and terephthalic acids and 
succinic acid. Specific synthesis details for the polyester-polyether copolymers are described further in 
US patent 6,843,829. 

MEDAL also prepared reverse-selective copolymers of silicone rubber and polypropylene glycol 
by using standard copolymerization methods. These materials were essentially a poly(propylene oxide) 
system in a cross-linked silicone rubber matrix. 

Table 7-1 summarizes the various acid-gas-selective copolymer membrane samples synthesized 
by MEDAL for this project and their identification numbers. 

Table 7-1. Reverse-Selective MEDAL Copolymer Membrane Films 
MEDAL, sample Membrane material Thickness, µm 

MEDAL 023 Polyurea-polyether copolymer samples NA 
MEDAL 024 NA 
MEDAL 025 NA 
11-7-A 83 
E103137-7-1A Polyester-polyether block copolymers 128 
E103137-7-4A 105 
E103137-7-5a 157 
E101137-7-4A-SC (‘Film 1’) 152 
‘Film 2’ 70 
97718-094-C RS-1-3 123 
RS-1-4 141 
E103137-7-2A Polyamide-polyether block copolymers 117 
E103137-7-3A 139 
3-16-1 Silicone rubber [SiR]- poly(propylene) 

copolymer 
333 

4-13-1 40 
4-14-1 203 
a Melt pressed sample. 

The three MEDAL polyurea-polyether block copolymer membrane films (023, 024, and 025) of 
different compositions and exhibiting reverse selectivity were screened by RTI with pure gases and 
simulated syngas mixtures for their acid-gas/H2 separation properties. (Polyurea-co-polyether membrane 
sample 11-7-A results are discussed later in this section.) These polyurea-polyether materials were found 
to have relatively high pure-gas CO2/H2 selectivities at room temperature. Pure-gas experiments indicated 
that these samples had CO2/H2 selectivities ranging from 6 to 10 at room temperature and 200 psig feed 
pressure. As shown in Table 7-2, the mixed-gas permeation properties of MEDAL 023 and 024 films 
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were in good agreement with their pure-gas data. CO2/H2 selectivities were slightly lower in the mixture 
experiments, and this result is not unexpected due to the lower CO2 partial pressure in the mixture relative 
to that in the pure-gas test. The H2 and CO2 permeabilities obtained from the four- and five-component 
syngas mixture experiments were consistent with those measured in pure-gas and binary syngas tests. 
H2S/H2 selectivities of greater than 20 combined with high H2S permeabilities were observed for MEDAL 
023. With increasing temperature, however, the acid-gas/H2 selectivity of MEDAL 023 and 024 films 
decreased with increasing temperature. For example, as temperature increased from 22 to 100 °C, the 
H2S/H2 selectivity of MEDAL 023 decreased from >20 to approximately 8. MEDAL 025, which 
exhibited the highest pure-gas CO2/H2 selectivity of 10 in this batch, became defective during syngas 
testing, precluding measurement of mixture syngas permeabilities. 

Table 7-2. H2 and CO2 Permeation Properties of MEDAL Polymers under Pure-Gas and Mixture 
Conditions at Room Temperature 

Polymer Acid-gas feed mixture 
Permeability (barrer) Selectivity 

H2 CO2 H2S CO2/H2 H2S/H2 
MEDAL 023 Pure Gas 

2-componenta 
4-componentb 
5-componentc 

46 
49 
48 
49 

310 
260 
270 
270 

— 
— 

1,080 
1,120 

6.7 
5.3 
5.6 
5.5 

— 
— 
22 
23 

MEDAL 024 Pure Gas 
2-componenta 
4-componentb 

5.1 
5.6 
5.8 

33 
22 
23 

— 
— 
66 

6.5 
3.9 
4.0 

— 
— 
11 

11-7-A Pure Gas 
4-componentd 

26 
43 

130 
162 

— 
570 

5.0 
4.1 

— 
18 

1 barrer = 10-10 cm3(STP)×cm/(cm2×s×cmHg). 
Feed pressure: 50 psig for 11-7-A and 
 100 psig for MEDAL 023 and 
 200 psig for MEDAL 024 and MEDAL 025 
Permeate pressure: 0 psig 
Downstream He sweep rate: 43-57 cm3/min 
Stage-cut: <0.04% 
a 25.2 mol% CO2 in H2 feed mixture. 
b 0.693 mol% H2S, 51.1 mol% H2, and 11.7 mol% CO2 in CO feed mixture. 
c 0.57 mol% H2S, 12.1 mol% H2, 18.1 mol% CO, and 6.0 mol% CO2 in N2 feed mixture. 
d 1.02 mol% H2S, 35.9 mol% H2, and 13.0 mol% CO2 in CO feed mixture. 

The acid-gas permeabilities and selectivities measured for MEDAL membrane films prepared 
from polyester-polyether and polyamide-polyether block copolymers are summarized in Table 7-3. Both 
of these copolymer types also showed good acid-gas separation properties. The most promising 
membrane films for acid-gas/H2 separation were derived from polyamide-polyether block copolymers, 
which have Pebax-like chemistry. For example, the polyamide-polyether film #E103137-7-2A had CO2 
and H2S permeabilities of ~50 and 280 barrers, respectively. Its CO2/H2 selectivity was in the range of 
8-9, and its H2S/H2 selectivity was 46. Thus, MEDAL’s polyamide-polyether block copolymers appear to 
be a good material choice for scaling up to hollow-fiber membrane manufacturing. 
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Table 7-3. Acid-Gas Permeabilities and Selectivities Obtained for MEDAL Dense Polyester-
Polyether and Polyamide-Polyether Copolymer Films of Two Different Compositions 
at 21 °C 

Dense film sample Feed type 

Gas permeability (barrer) Gas selectivity 

CO H2 CO2 H2S CO2/H2 H2S/H2 
Polyester-polyether 

copolymer film 
E103137-7-1A 

Pure-gas 
Before syngas 
After syngas 

 
— 
— 

 
2.5 
2.4 

 
17 
16 

 
— 
— 

 
6.9 
6.6 

 
— 
— 

Mixed-gas 0.37 2.6 16 78 6.0 30 
Polyester-polyether 

copolymer film 
E103137-7-4A 

Pure-gas 
Before syngas 
After syngas 

 
— 
— 

 
2.7 
2.6 

 
21 
20 

 
— 
— 

 
7.9 
7.7 

 
— 
— 

Mixed-gas 0.41 2.9 19 95 6.7 33
Polyamide-polyether 

copolymer film 
E103137-7-2A 

Pure-gas 
Before syngas 
After syngas 

 
— 
— 

 
6.1 
5.7 

 
54 
53 

 
— 
— 

 
8.9 
9.3 

 
— 
— 

Mixed-gas 1.1 6.1 51 280 8.4 46
Polyamide-polyether 

copolymer film 
E103137-7-3A 

Pure-gas 
Before syngas 
After syngas 

 
— 
— 

 
4.4 
4.3 

 
42 
41 

 
— 
— 

 
9.5 
9.3 

 
— 
— 

Mixed-gas 0.80 4.6 38 210 8.2 45 
1 barrer ≡ 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
Feed pressure = 50 psig (pure-gas) and 100 psig (mixed-gas). 
Permeate pressure = 0 psig; Downstream He sweep rate = 43-44 cm3/min. 
Syngas mixture used: 1.0% H2S, 35.7% H2, and 12.5% CO2 in CO; Stage-cut < 0.5% in mixed-gas tests. 

Interestingly, permeation studies as a function of temperature from 22-126 °C with pure H2 and 
CO2 indicated that the permeation behavior of the MEDAL polyether-co-polyester [PEG-Polyester] was 
unexpectedly different from that for a MEDAL polyether-co-polyurea [PEG-PU] film (#11-7-A). Thus, to 
shed light on this difference, two PEG-Polyester film samples for DSC characterization as well as 
permeation testing were prepared using different methods. One PEG-Polyester sample (#E101137-7-5) 
was prepared by a melt-pressed technique; the other sample (Film #1) was formed by a solvent-cast 
technique. Both PEG-Polyester samples had the same copolymer composition. 

Figure 7-3 shows the DSC thermogram obtained for the solvent-cast PEG-Polyester copolymer. 
The large, sharp endothermic peak seen in the scans is direct evidence that the solvent-cast film was 
highly crystalline. The melting temperature Tm of the crystalline phase in the solvent-cast film was in the 
range of 38-43 °C. The DSC profile for the melt-pressed PEG-Polyester sample had a similarly large 
endothermic peak. However, its peak was shifted to somewhat lower temperature, showing that Tm of the 
crystalline phase in the melt-pressed film was lower at 28-34 °C. These different Tm values for the 
PEG-Polyester films of identical copolymer composition indicate that melting temperature and other 
material properties (e.g., gas transport properties) of PEG-Polyester would be strongly dependent on the 
film preparation method used. The DSC data were also in excellent agreement with the transitions seen in 
the permeability–temperature behavior of the PEG-Polyester films. Gas permeability in PEG-Polyester 
increased significantly by a factor of 5-6 near 35 °C for the melt-pressed film and around 50 °C for the 
solution-cast sample. This permeability increase was directly related to the melting of the crystalline 
phase, rendering the copolymer amorphous and thus more permeable. 
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Figure 7-3. Second-scan DSC thermogram for MEDAL PEG-Polyester 

copolymer film made by solvent-casting (Sample #E103137-7-
4 or, equivalently, Sample #E101324-1). Heating rate: 5 °C/min. 
Atmosphere: Nitrogen. 

The weight fraction crystallinity (χc) in the solvent-cast PEG-Polyester film was estimated as 

 χc = cHH ΔΔ  (3) 

where ΔH is the melting enthalpy obtained from the area under the melting endotherm and ΔHc is the 
melting enthalpy for that polymer if it were 100% crystalline. For 100% crystalline PEO, a suggested 
value for ΔHc is 166.4 J/g [Simon et al, 1964, Lin et al, 2004]. From the two DSC scans for the 
solvent-cast film, ΔH was found to be 72.7-86.5 J/g. Thus, the PEO phase itself in the solvent-cast 
polyester-co-polyether sample was ~44-52 wt% crystalline. An understanding of the thermal and 
crystalline properties of the MEDAL reverse-selective copolymers would therefore be useful for 
determining their optimum operating temperature ranges for gas separation. 

The influence of temperature on the pure H2 and CO2 permeabilities of the PEG-PU and 
PEG-Polyester (melt-pressed and solvent-cast) film samples is presented in Figure 7-4. Only the 
permeation data for the PEG-PU copolymer fit the expectation that a semilogarithmic plot of permeability 
against reciprocal temperature is linear. For solvent-cast PEG-polyester copolymer films, #1 and #2, 
however, gas permeation results were not reproducible because their inherent crystallinity made their  
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properties very sensitive to film casting/ 
drying conditions. Therefore, it was illogical 
to continue to study these films at higher 
temperatures with dry feeds as no meaningful 
conclusion would be able to be drawn due to 
non-reproducibility of sample properties. 
Hence, after the baseline syngas mixture 
separation properties were obtained with a 
dry syngas feed containing H2S, we 
proceeded evaluate the acid-gas transport 
properties of solvent-cast PEG-polyester film 
#2 with humidified pure H2 and CO2 and 
humidified syngas mixture. The permeation 
results obtained with dry and wet feeds are 
summarized in Table 7-4. 

The experiments demonstrated that 
the presence of water vapor in the feed 
stream had no negative effect on the acid-gas 
separation properties of the PEG-polyester 
membrane. The copolymer showed good 
short-term mechanical and hydrolytic stability. Moisture, in fact, improved the membrane properties with 
respect to both permeability and acid-gas/H2 selectivity. In the presence of water vapor at 35 °C, the pure 
H2 and CO2 permeabilities of PEG-polyester film #2 increased by 28 and 44%, respectively, and its ideal 
(pure-gas) selectivity increased by ~10%. On the mixture separation properties of film #2, the influence 
of moisture was even stronger. A syngas feed saturated with water vapor at 35 °C gave mixture 
permeability values that were higher by 39-43% for H2 and CO and 45-60% higher for CO2 and H2S, 
relative to the dry syngas values. 

Consequently, a 5-16% improvement in mixture acid-gas/H2 selectivity values was seen under 
humidified feed conditions. Interestingly, after exposure to moisture and almost 6 days of drying in a 
flowing inert gas stream such as He or N2, PEG-polyester film #2 retained its better wet-feed permeation 
properties (i.e., higher permeability with negligible effect on selectivity) under dry-feed conditions. This 
effect is unexpected and suggests that exposure to moisture could have irreversibly altered the physical 
state of the polymer or the level of crystallinity in it. 
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Figure 7-4. Pure H2 and CO2 permeabilities of 

MEDAL PEG-PU and PEG-Polyester 
(melt-pressed and solvent-cast) 
copolymer films as a function of 
inverse temperature. 1 barrer = 10-10 
cm3(STP)·cm/(cm2·s·cmHg). 
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Table 7-4. Effect of Moisture on Pure and Mixture Acid-Gas Permeabilities in Solvent-Cast PEG-
Polyester Film #2 at 22 and 35 °Ca 

T, °C 
Permeability, Ba Selectivity

Comments H2S CO2 H2 CO H2S/H2 CO2/H2 H2/CO
22 — 49 5.0 — — 9.8 — Dry pure gases 
35 — 180 18 — — 10 — Dry pure gases 

690 150 18 4.4 38 8.3 4.1 Dry syngas mixture 
— 150 16 — — 9.4 — Dry gases (next day) 
— 260 23 — — 11 — Moist gasesb (same day) 

1,000 240 25 6.3 40 9.6 4.0 Moist syngasb (same day) 
— 280 28 — — 10 — Dry gases (12 h later) 
— 250 27 — — 9.3 — Dry gases (84 h later) 
— 240 26 — — 9.2 — Dry gases (132 h later) 

1 Ba = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
a Data are presented in the test sequence performed. Wet-feed permeabilities were calculated on a dry basis. 
b Dry feed gas was bubbled through deionized water to saturate it with water vapor at 35 °C. 
Feed pressure: 100 psig; Permeate pressure: 0 psig 
Sweep flow rate: ~43 cm3/min He; Stage-cut: <0.5% (in mixture tests). 
Syngas mixture composition: 1.02% H2S, 13.0% CO2, 35.9% H2, Balance CO. 

After completion of the humidified feed separation performance studies, PEG-polyester 
copolymer films cast from tetrahydrofuran solvent were characterized as a function of temperature in 
permeation tests. Two PEG-polyester membrane coupons, films RS-1-3 and RS-1-4, were cut and 
evaluated first with pure H2 and CO2 over a temperature range of 22-73 °C to verify their integrity and the 
consistency of their permeation properties. The pure-gas permeation data are summarized in Figure 7-5. 
As expected, gas permeability increased with increasing temperature. Furthermore, when temperature was 
below Tm (~38-43 °C), gas permeability was low. Above Tm, permeability was significantly higher. For 
example, the permeability of films #3 and #4 was over one order of magnitude higher at 51 °C than at 
22 °C. More importantly, a comparison of RS-1-3 and RS-1-4 data to those measured on earlier 
PEG-polyester samples clearly demonstrated that, when the PEG-polyester copolymer is in the wholly 
amorphous state (i.e., at temperatures above Tm), all PEG-polyester films have essentially the same 
permeability (and selectivity), regardless of sample preparation method (melt-pressing or solvent-casting) 
and the degree of crystallinity existing below Tm. However, below the crystalline-phase melting 
temperature, the permeability as well as selectivity at any specific temperature can vary quite a bit from 
sample to sample (cf. Figure 7-5). 

Additionally, Figure 7-6 indicates that the pure CO2/H2 selectivity of PEG-polyester approached a 
maximum of ~9 in the vicinity of the crystalline-phase melting temperature of 38-43 °C. Below Tm, 
CO2/H2 selectivity was a little lower because some CO2-philic ether groups were “trapped” in the 
crystalline phase and, hence, inaccessible to CO2 transport. Slightly above Tm, the copolymer is 
completely amorphous so that all ether groups were available to selectively enhance transport of polar 
CO2. However, when temperature was raised further beyond Tm, acid-gas/H2 selectivity started to fall as 
the higher temperature had a greater effect on increasing H2 diffusion than CO2 diffusion (i.e., H2 
permeability increased faster than CO2 permeability). Therefore, the optimum operating temperature for 
the PEG-polyester membrane appears to be ~45-50 °C, where its permeability and acid-gas/H2 selectivity 
are simultaneously fairly high. 
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Figure 7-5. Permeabilities of (a) pure H2 and (b) pure CO2 in solvent-cast MEDAL 

PEG-co-polyester films RS-1-3 and RS-1-4 as a function of inverse temperature. Data 
are compared to results obtained on previous MEDAL batches of this semicrystalline 
copolymer made into films by melt-pressing and solvent-casting techniques. For 
solvent-cast samples, Tm is expected to be in the range of 38-43 °C. Feed pressure: 
50 psig. Permeate pressure: 14.7 psia. Permeate sweep flow rate: ~43 cm3/min He. 
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
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Figure 7-6. Pure CO2/H2 selectivity of solvent-cast MEDAL PEG-co-polyester films RS-1-3 and 

RS-1-4 as a function of temperature. Data are compared to results obtained on 
previous film samples prepared from this semicrystalline copolymer by 
melt-pressing and solvent-casting techniques. Tm is in the range of 38-43 °C for 
solvent-cast films. Experimental conditions are same as those described in 
Figure 7-5 caption. 
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After pure-gas experiments, PEG-polyester film RS-1-4 was evaluated with a H2S-containing 
syngas mixture. (Film RS-1-3 had developed a defect at the end of the pure-gas tests.) Syngas mixture 
experiments on film RS-1-4 were conducted only at 51 and 73 °C, temperatures above Tm. Temperatures 
higher than 73 °C were not tried because acid-gas/H2 selectivity is expected to be too low for practical 
consideration. Temperatures much below 50 °C were not attempted because of the crystalline state of this 
copolymer at these conditions. Table 7-5 shows the syngas permeation data obtained for film RS-1-4 and 
compares them to results measured for two previous PEG-polyester samples — solvent- cast ‘Film #1’ 
and the melt-pressed film, #E101137-7-5. At temperatures above Tm, the acid-gas separation properties of 
film #4 were generally consistent with earlier samples of this PEG-polyester copolymer regardless of 
sample preparation history. These results thus reinforce that the PEG-polyester membrane is best used at 
temperatures slightly above Tm, such as near 50 °C, where this polymer is in the noncrystalline state. 
Interestingly, after syngas exposure, the permeability of film RS-1-4 appears to be lower by 30% or more, 
while its selectivity is unaffected. 

Table 7-5. Mixture Acid-Gas Permeation Properties of Different Batches of MEDAL 
PEG-co-Polyestera Films Evaluated above Crystalline-Phase Melting Point 
Temperatureb 

Temperature 
(°C) Sample 

Mixture permeability (barrer) Mixture selectivity 

CO H2 CO2 H2S CO2/H2 H2S/H2 
51 Solvent-cast Film RS-1-4 

Solvent-cast Film #1 
Melt-pressedc 

14 
14 
13 

37 
46 
45 

275 
330 
310 

1,190 
1,440 
1,400 

7.4 
7.2 
6.9 

32 
31 
31 

73 Solvent-cast RS-1-4 
Solvent-cast Film #1 
Melt-pressedc 

21 
— 
— 

55 
— 
— 

285 
— 
— 

1,130 
— 
— 

5.2 
— 
— 

21 
— 
— 

95 Solvent-cast RS-1-4 
Solvent-cast Film #1 
Melt-pressedc 

— 
— 
42 

— 
— 

130 

— 
— 

500 

— 
— 

1,820 

— 
— 
3.8 

— 
— 
14 

1 barrer ≡ 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
Solvent-cast and melt-pressed films are similar in copolymer composition but differ in their hard-to-soft segment ratio (PEG MW ~ 

2,000 for solvent-cast and 1,500 for melt-pressed). 
Syngas feed composition: 1.02% H2S, 13.0% CO2, 35.9% H2, Balance CO. 
Feed pressure = 100 psig; Permeate pressure = 0 psig. 
Downstream He sweep rate ~ 43 cm3/min; Stage-cut < 0.5%. 
a This reverse-selective copolymer is also known as “RS-1”. 
b Melting point of crystalline PEG phase in this solvent-cast copolymer is in the range of 38-43 °C. 
c Film #E101137-7-5. 

A new, heavily modified silicone rubber with high ether group content was also synthesized by 
MEDAL. These materials are essentially a poly(propylene oxide) system in a cross-linked silicone rubber 
matrix. This class of polymers is expected to be more conducive to composite hollow-fiber preparation 
via coating. Acid-gas permeation testing was completed on the new copolymer films of silicone rubber 
[SiR] and poly(propylene glycol) [PPG]. The cross-linked, rubbery SiR-co-PPG films were evaluated at 
room temperature with pure H2 and CO2 and with a four-component, H2S-containing syngas mixture at 
either 100 or 200 psig feed pressure. The pure- and mixed-gas permeation properties of the dense 
SiR-PPG copolymer films tested are summarized in Table 7-6. 
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Table 7-6. Pure- and Mixed-Gas Permeation Properties of MEDAL Cross-Linked SiR-co-PPG 
Films of Three Different Copolymer Compositions 

SR-co-PPG 
film Feed type 

Feed pressure 
(psig) 

Gas permeability (barrer) Selectivity 
CO H2 CO2 H2S CO2/H2 H2S/H2 

#3-16-1 Pure gas 202 
200 

(Post-syngas) 

— 
— 
 

48b 
42c 

 

380 
350b,c 

 

— 
— 
 

7.9 
8.3 

 

— 
— 
 

Syngas mixa 198 16 49 250 770 5.1 16 
#4-13-1 Pure gas 200 Defectived — — 
#4-14-1 Pure gas 100 

200 
200 

(Post-syngas) 

— 
— 
— 
 

82 
80 
75c 

 

550 
660b 
570c 

 

— 
— 
— 
 

6.7 
8.2 
7.6 

 

— 
— 
— 
 

Syngas mixa 200 28 83 440 1,550 5.3 19 
1 barrer ≡ 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
Film thickness = 333 µm for #3-16-1; 40 µm for #4-13-1; and 203 µm for #4-14-1. 
Geometric film density ~ 0.96-1.1 g/cm3 for these samples. 
T = 23 °C; Permeate pressure = 0 psig. 
Downstream He sweep rate ~ 20-33 cm3/min (unless indicated otherwise). 
a Syngas mixture composition: 1.02% H2S, 13.0% CO2, 35.9% H2, Balance CO; Stage-cut ≈ 0.1% in mixture tests. 
b At 201 psig feed pressure. 
c Directly measured with bubble flowmeter; No downstream He sweep used. 
d Film had a permeability that was 2-3 orders of magnitude higher for H2 and 1 order of magnitude higher for CO2 and a CO2/H2 

selectivity of 0.15. Sample examination after testing revealed the presence of a minute hole/crack in the film. 

The mixture acid-gas/H2 selectivity of the SiR-co-PPG films was ~5 for CO2/H2 and fell in the 
range of 16-19 for H2S/H2. This mixed-gas CO2/H2 selectivity was ~30-40% lower than the measured 
pure CO2/H2 selectivity of 7-8 due mainly to the lower CO2 partial pressure driving force across the 
membrane under mixture test conditions. The acid-gas selectivities of the SiR-co-PPG membrane 
materials were substantially better than that of pure silicone rubber (CO2/H2 selectivity ~ 3 and H2S/H2 
selectivity ~ 5) but lower than that of the amorphous, cross-linked, pure PPG materials (CO2/H2 
selectivity ~ 7 and H2S/H2 selectivity ~ 30). Furthermore, the selectivities of the SiR-PPG copolymers 
were comparable to the values obtained for the MEDAL PEG-co-polyurea (CO2/H2 selectivity ~ 4 and 
H2S/H2 selectivity ~ 18). 

Compared to the MEDAL PEG-co-polyurea material, however, the SiR-PPG copolymers 
achieved the measured acid-gas/H2 selectivities with higher gas permeability or, equivalently, with higher 
membrane productivity. At room temperature, permeability of the SiR-co-PPG family of polymers was 
2-5 times higher for CO2 and 1.5-3 times higher for H2S than that of the PEG-co-polyurea. Similarly, the 
SiR-co-PPG family also possessed much higher permeability than other previously screened (though 
higher-selectivity) MEDAL PEG copolymers such as PEG-co-polyester and PEG-co-polyamide. 

On the basis of the results in Table 7-6, the SR-PPG copolymer family was added to the list of 
candidate membrane materials to be scaled up and fabricated into a hollow-fiber membrane module by 
MEDAL. Although it was not the highest, the acid-gas/H2 selectivity of SiR-co-PPG was decent and 
better than the reverse-selective membrane materials that are the current industry standards. One 
particularly attractive characteristic of the SiR-PEG copolymers is that it should be straightforward to 
fabricate them into composite hollow-fiber membranes by the standard solution-coating membrane 
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preparation technique. In fact, a “proof-of-principle” coating of SiR-PPG onto a microporous polysulfone 
support core was performed by MEDAL to verify how suitable these copolymers were for 
solution-coating. Initial results of this “proof-of-principle” demonstration were promising. 

7.3.2 Hollow Fiber Membranes from Novel Reverse-Selective 
Membranes 

The development of composite membrane hollow fibers from the most promising candidate 
reverse-selective polymers identified in this project was performed. Two hollow-fiber formation 
technologies — spinneret co-extrusion or fiber coating — were utilized. In particular, the spinneret 
co-extrusion of polymer solutions to form composite fibers is a core MEDAL technology. 

For processing into composite hollow-fiber form by co-extrusion technology, the polymer used 
must be soluble in an appropriate solvent. Many of the promising candidates failed this criterion. 
However, testing with NMP (1-methyl-2-pyrrolidone) and THF (tetrahydrofuran) solvents identified five 
copolymer materials that would be suitable for co-extrusion. These materials are listed in Table 7-7. 

Table 7-7. Solvent Solubility Tests at Room Temperature for 
Chosen Candidate Block Copolymers Identified 
for Hollow-Fiber Fabrication 

Copolymer Ref Number 
Solubility 

25% in NMP 5% in THF 
Polyester-ether E103137-7-4 Yes Yes 

E103137-7-1 Yes gel 
Polyamide-ether E103137-7-2 Yes but not clear No 

E103137-7-3 Yes but not clear No 
Polyurea-ether #11-7-A Yes in DMAc   

 

7.3.2.1 Co-extrusion Route — Polyurea—Polyether (L1) 
The polyurea-polyether copolymer (L1) had been one of the first materials identified as a possible 

reverse-selective material that could be processed into fiber form using MEDAL core co-extrusion 
technology. In the initial spinning campaign, we had first investigated spinning L1 as a monolithic fiber. 
This effort was quickly abandoned because the fiber was too tacky to be handled even in the spin bath. 
MEDAL, however, was able to prepare limited amounts of L1 composite fiber by co-extruding the L1 
solution with a polyimide core. 

In 2004, MEDAL returned to an intensive program on spinning composite hollow fibers from the 
polyurea-polyether copolymer (L1). This time, the L1 solution was co-extruded onto a polyethersulfone 
(PES) core. During the initial two spinning runs, the fibers produced had a tendency to stick together after 
the washing step, making it difficult to obtain individual fibers. However, by altering fiber washing 
conditions, it became possible to generate separate fibers. The fibers were then post-treated with a 
high-flux silicone rubber overcoat to eliminate/minimize the possible presence of microdefects. 
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Two standard hollow-fiber membrane modules from MEDAL were used to calibrate RTI’s high-
temperature, high-pressure permeation system, allowing scale-up of membrane testing from small stamps 
to laboratory-scale modules. This calibration step set up the permeation system for the next step: testing 
of hollow-fiber modules prepared by MEDAL from promising membrane material candidates identified 
during the screening studies. 

MEDAL membrane module #121304 was prepared from composite hollow-fibers spun from a 
polyether-polyurea copolymer that had been evaluated in earlier screening studies. The 
polyether-co-polyurea selective layer on these fibers had been co-extruded onto a glassy, microporous 
polyethersulfone (PES) support during the fiber spinning process. The fibers had also been post-treated 
with a high-flux silicone rubber overcoat to eliminate/minimize the possible presence of defects in the 
thin selective layer. This module had 230 membrane hollow fibers and an active membrane area of about 
285 cm2. After it was connected to the RTI permeation system and leak-tested, the module was evaluated 
with pure N2, H2, He, and CO2 over a temperature range of 22-55 °C and at 50 and 100 psig feed 
pressures to determine whether it was defect-free. Collection of these pure-gas permeation data was 
completed by the end of the month. 

The pure-gas permeation results obtained for the MEDAL polyether-co-polyurea membrane 
module #121304 are presented in Table 7-8. The N2, He, and CO2 results at 55 °C are in good agreement 
with MEDAL’s preliminary quality-control data at 50 °C in terms of gas fluxes and CO2/N2 and CO2/He 
selectivity values. However, when the module was tested with H2, the H2 flux was found, for the most 
part, to be unexpectedly 50-60% faster than the He flux. As a result, the module displays essentially no 
selectivity for CO2 over H2 (i.e., selectivity ~ 1). On the basis of dense film data for this 
polyether-polyurea copolymer, the CO2/H2 selectivity should have been 3-5 (cf. Table 7-8) if the 
composite membrane hollow fibers possessed the intrinsic selectivities of this rubbery membrane 
material. Because gas fluxes for the module do not seem high enough to be indicative of defects in the 
selective sheath layer, it appears unlikely that the module’s poor CO2 separation properties are due to 
microdefects in the membrane fibers. 

Because the silicone rubber overcoat improved the hollow-fiber properties only slightly, 
membrane defects are not the main reason for the poor CO2/light-gas selectivity of Module #121304. 
Instead, the silicone rubber overcoat post-treatment result suggests that the module’s poor CO2 separation 
properties are due predominantly to gas transport resistance from the glassy, size-selective, microporous 
PES core supporting the selective polyether-co-polyurea layer. Ideally, in composite membrane 
structures, the microporous support offers no resistance to gas flow and, hence, the gas separation 
process. However, if the glassy PES support participates in the separation, the PES would counteract the 
reverse (i.e., acid gas) selectivity of the CO2-selective, rubbery copolymer layer because PES is 
intrinsically size-selective (i.e., more selective for H2 than CO2). The overall CO2/H2 selectivity of the 
composite membrane hollow fibers is thus determined by the balance of mass transfer resistances in the 
selective and support layers. Therefore, to minimize its resistance, the PES support structure needs to be 
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more microporous without adversely impacting high-pressure stability of the composite fibers. In the end, 
because the microporous PES support core could not be improved to lower its gas transport resistance 
within the remaining project timeline, MEDAL decided not to pursue this fiber production approach for 
making reverse-selective membrane hollow fibers. 

Table 7-8. Pure-Gas Permeation Results Measured for MEDAL Polyether-co-Polyurea 
Hollow-Fiber Membrane Module #121304a at 22, 34, and 55 °C 

Temperature 
(°C) 

Feed 
pressure 

(psig) 

Pressure-normalized pure-gas 
flux (GPU) Pure-gas selectivity 

N2 H2 He CO2 H2/N2 CO2/N2 CO2/He CO2/H2 

22 50 
100 

12.1 
13.1 

65.6 
68.1 

40.8 
44.2 

66.7 
65.4 

5.42 
5.20 

5.51 
4.99 

1.63 
1.48 

1.02 
0.96 

34 50 
100 

12.9 
13.6 

81.6 
84.5 

51.2 
54.5 

83.0 
82.2 

6.33 
6.21 

6.43 
6.04 

1.62 
1.51 

1.02 
0.97 

55 50 
100 

15.1 
15.7 

117 
123 

75.1 
99.9b 

115 
116 

7.75 
7.83 

7.62 
7.39 

1.53 
1.16b 

0.98 
0.94 

Preliminary MEDAL data on this module 
50 53 

80 
102.5 

— 
13.9 
— 

— 
— 
— 

— 
— 

73.3 

112 
— 
— 

— ~8.06 ~1.53 — 

Dense film datac (Intrinsic properties) 
22 
35 
50 

50 — — — — — — — 5.00 
4.19 
3.33 

1 GPU ≡ 10-6 cm3(STP)/(cm2·s·cmHg) 
a Composite membrane hollow fibers consisted of the rubbery polyether-co-polyurea selective sheath layer supported on a 

microporous polyethersulfone core. Module had 230 composite membrane hollow fibers and an active membrane area of 285 
cm2. The dry selective sheath layer was estimated by MEDAL to be ~2-3 µm in thickness. 

b He feed pressure used = 64 psig. 
c Data measured at RTI on free-standing, dense film of polyether-co-polyurea (MEDAL sample #11-7A). 

7.3.2.2 Coating Production Method — Silicone-Rubber-Polypropylene Glycol 
MEDAL also pursued a newer fiber coating technology for making composite hollow fibers. In 

this alternate approach, dilute solutions of a reverse-selective polymer were coated on the surface of a 
pre-spun polysulfone (PSF) microporous fiber substrate. Because these fiber-coating trials had to be done 
in ways that did not interrupt MEDAL’s commercial hollow-fiber membrane production, the studies were 
mainly limited to the pre-spun PSF substrate, the properties of which could be varied only in terms of 
spinning parameters. The spinning dope for making the PSF substrate could not be changed to optimize 
this substrate during the time of these fiber-coating trials due to ongoing commercial production runs at 
MEDAL. 

In the fiber coating technique, the reverse-selective polymer had to be soluble in solvents that did 
not damage (dissolve) the PSF substrate. MEDAL investigated this fiber formation approach for two 
reverse-selective membrane copolymers: 

■ Silicone-rubber-polypropylene glycol copolymer (SiR-PPG). The components of this 
polymer formulation are soluble in isopropanol, a relatively innocuous solvent for PSF. The 
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catalyst was varied to determine its effect on film formation speed. While most work was 
done with the SiR-PPG copolymer, a physical copolymer blend of SiR + PEG was also tried. 

■ Polyester-polyether (RS1). This copolymer has good solubility in THF, moderate solubility in 
acetic-acid+alcohol mixtures, and limited solubility in alcohols. PSF is not chemically 
resistant to THF, and MEDAL’s initial work on composite RS1 membranes showed that the 
membranes prepared from alcohol solutions were defective. Though not a solvent, acetic acid 
is a swelling agent for PSF. 

Four series of coating trials using these materials were done by MEDAL. During the first three 
trials, the coating parameters (solution formulation, drying conditions) required to make tack-free fibers 
that could be collected were established. A method to make the most open microporous PSF substrate 
possible with the available spin-dope was also studied. Then an attempt to increase reverse selectivity of 
the coated fibers was completed. The key to developing more reverse-selective fibers was believed to be 
creating a coating procedure with minimal damage and penetration of the coating material into the 
substrate, and this procedure depends strongly on coating formulation and parameters, pre-coating 
conditions, and substrate microporosity. 

A laboratory-scale hollow-fiber module (#12-7-05-RS-B) with an effective membrane area of 
~60 cm2 was made by from MEDAL. The module fibers had the composite membrane structure, 
comprising an acid-gas-selective layer of silicone rubber–poly(propylene glycol) [SR-PPG] copolymer 
deposited on the outside of a microporous polysulfone (PSf) fiber substrate. The reverse-selective 
SR-co-PPG layer had been coated onto water-wetted PSf support fibers to minimize SR-co-PPG 
penetration into the substrate pores. In the final preparation step, the coated fibers had been dried to 
remove solvent and moisture. 

The integrity of MEDAL Module #12-7-05-RS-B was checked with pure He, H2, and CO2. As 
shown in Table 7-9, the pure CO2/He selectivity of the module was about 2, lower than the 3.6 value 
measured in MEDAL preliminary tests before the module was sent to RTI. Because our measured He 
permeance agrees with that obtained at MEDAL, the lower module CO2/He selectivity is due to a lower 
CO2 permeance (84-90 GPU versus MEDAL’s value of 140 GPU). More frustratingly, relative to the high 
intrinsic CO2/H2 selectivity of 8-10 obtained on dense SR-co-PPG films (included in Table 7-9), the 
module displayed an even poorer CO2/H2 selectivity of only 1.6-2.0. With such poor acid-gas permeation 
properties, the module did not warrant testing with a syngas mixture. 
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Table 7-9. Pure-Gas Permeation Integrity Check Results for MEDAL Polysulfone/SR-co-PPG 
Composite Fiber Module #12-7-05-RS-B at 22 °C 

Feed pressure 
Feed flow 

configuration 

Pure-gas permeance (GPU) Pure-gas selectivity 

He H2 CO2 CO2/He CO2/H2 
50 Shell side 40 51 84 2.1 1.6 

Bore side 40 49 86 2.2 1.8 
200 Shell side 37 45 90 2.4 2.0 

MEDAL preliminary module data 
(20 °C) 

200 

 
 
(Not known) 

 
 

39 

 
 

— 

 
 

140 

 
 

3.6 

 
 

— 
Dense SR-co-PPG film 
properties (23 °C) 

200 

 
 
N/A 

 
 

— 

 
 

0.1-0.4a 

 
 

1.0-3.2a 

 
 

— 

 
 

8-10 
1 GPU = 1 × 10-6 cm3(STP)/(cm2·s·cmHg); Permeate pressure = 0 psig. 
Module specifications: 16 fibers; 453 µm fiber OD; 292 µm fiber ID; 26.4 cm active fiber length; 5.1 cm pot length; 60.1 cm2 effective 

permeation area (thin selective layer coating on outside of fiber). 
a Permeance depends on selective layer thickness. These permeances are low because thickness range of dense films tested was 

203-333 µm, as compared to selective film thickness on the order of a few microns for the module hollow fibers. 

After the module integrity check results were conveyed to MEDAL, the composite SR-co-PPG 
fibers remaining at MEDAL were immediately re-evaluated. It was found that, one month after 
fabrication of these fibers, their separation properties had likewise degraded to the poorer values 
measured by RTI on MEDAL Module #12-7-05-RS-B. This deterioration of the reverse-selective fiber 
properties is attributed to compaction of the porous PSF substrate with time. MEDAL believes, however, 
that membrane selectivity can be significantly improved with more optimization work to coat SiR-PPG / 
PSF fibers. By changing the PSF spin-dope formulation, the PSF substrate can be improved to have a 
more stable (robust) porous structure as well as the significantly higher microporosity required for this 
type of coating. It would also be possible to try PSF supports with varying pore-blocking strategies. 
Moreover, although solvents for the polyester-polyether (RS1) materials are difficult to use with the PSF 
substrate; substrates formed from more solvent-resistant polyimides (as done in the lab-scale composite 
film work) could also enable more successful fabrication of reverse-selective, composite membrane 
hollow fibers. Unfortunately, due to a highly demanding commercial production schedule during this 
phase, MEDAL could not pursue further development of a better underlying microporous support within 
the project timeline. 

7.3.3 Cross-Linked Polyethylene-Oxide-Based Polymers 

The removal of CO2 from mixtures with H2 relies heavily on high CO2/H2 solubility selectivity 
resulting primarily from favorable, specific interactions between quadrupolar CO2 and polar moieties in 
the polymers being studied. Therefore, one strategy explored in this project to improve CO2/H2 separation 
performance was to further enhance the CO2 affinity of the membranes by maximizing the concentration 
of such polar groups in the membrane polymer. By examining CO2 solubility in liquids and polymers 
having different types and amounts of polar groups, UT determined that ether oxygens in ethylene oxide 
units are the most useful polar groups for simultaneously achieving both high permeability for CO2 and 
high selectivity for CO2 over light gases such as H2 [Lin and Freeman, 2005]. On the basis of this finding, 
UT developed a novel family of cross-linked poly(ethylene oxide) [PEO]-based materials in this project. 

7-21 



 7. Development of Polymer Membrane System for CO2 and H2S Removal 

The new cross-linked poly(ethylene oxide) [XL-PEO] materials are amorphous rubbers possessing 
excellent mechanical and film-forming properties. This is in contrast to traditional PEO, which is 
semicrystalline, uncross-linked, and difficult to form into integral membranes. Furthermore, because of its 
amorphous structure, XL-PEO is significantly more permeable than traditional, semicrystalline PEO in 
which the crystalline domains hinder gas permeation. 

Poly(ethylene glycol) diacrylate (PEGDA), poly(ethylene glycol) methyl ether acrylate 
(PEGMEA), and poly(ethylene glycol) acrylate (PEGA) were studied as the PEB based cross-linkers and 
monomers used for this development. PEGDA and PEGDMA are cross-linkers because they have two 
acrylate groups, while PEGMEA and PEGA are monomers because they have only one polymerizable 
acrylate group. The chemical structures of PEGDA, PEGMEA, and PEGA are presented in Table 7-10. 
The XL-PEO was prepared by UV polymerization of monomer (PEGA, PEGMEA, or PEGDA) and 
PEGDA cross-linker. Further discussion of the chemistry involved in this synthesis is described 
elsewhere [Lin, 2005]. A chemical scheme of the XL-PEO rubber synthesized from these materials is 
presented in Figure 7-7.  

Table 7-10. Chemical Structures of PEG-Based Cross-Linkers and Monomers Used in This 
Project 

Chemical Structure 

poly(ethylene glycol) diacrylate (PEGDA) H2C CH C

O

O CH2 CH2 O C

O

CH CH2

14  

poly(ethylene glycol) methyl ether acrylate (PEGMEA) H2C CH C

O

O CH2 CH2 O CH3

8  

poly(ethylene glycol) acrylate (PEGA) H2C CH C

O

O CH2 CH2 OH
7  

Three series of XL-PEO polymers — PEGDA/PEGMEA-XX, PEGDA/PEGA-XX, and 
XLPEGDA-XX — were prepared using prepolymer solutions containing PEGDA/PEGMEA, 
PEGDA/PEGA, and PEGDA/H2O, respectively. “XX” represented the weight percent of PEGDA in the 
prepolymer solution. 

The novel XL-PEO family of materials developed by UT as improved acid-gas-selective 
polymers was investigated in this project. In contrast to the traditional, uncross-linked, semicrystalline 
PEO, which is difficult to form into integral membranes, the amorphous, rubbery XL-PEO membrane 
films had good mechanical and film-forming properties. The XL-PEO membranes were characterized 
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7-23 

with pure gases and syngas mixtures in permeation studies to determine their acid-gas separation 
properties and, the effect of monomer, cross-linker, and water concentrations on these properties. 
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Figure 7-7. Chemical scheme and structure of amorphous cross-linked PEO rubber. 

The effect of temperature on the pure-gas transport properties of XL-PEO was studied at UT. As 
shown in Figure 7-8, the permeabilities of both H2 and CO2 in XL-PEO decreased with decreasing 
temperature. When temperature was decreased from 45 °C to –20 °C, the H2 permeability dropped 
83-fold, while the CO2 permeability was reduced by a factor of only 36. Because the CO2 permeability 
decreased to a lesser extent, lowering temperature effectively increased the pure CO2/H2 selectivity from 
7.3 at 45 °C to approximately 17 at –20 °C. This substantial selectivity increase at sub-ambient 
temperatures is presented in Figure 7-8. 
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Figure 7-8. (a) Arrhenius plot of pure H2 and CO2 permeabilities in amorphous, rubbery XL-PEO 

as a function of reciprocal temperature (1/T). (b) Effect of temperature on pure 
CO2/H2 selectivity in XL-PEO. Feed pressure: 4.4 atm (50 psig). Permeate pressure: 0 
atm (vacuum). 1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
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The effect of feed pressure on H2 and CO2 transport properties in XL-PEO were also investigated 
over the temperature range of –20 °C to 45 °C, and these results are presented in Figure 7-9. For all 
temperatures studied, both H2 and CO2 permeabilities increased with increasing feed pressure. However, 
the dependence of permeability on feed pressure was stronger for CO2 than for H2 because of greater CO2 
solubility in the polymer at higher pressures. When this feed pressure effect was coupled with the result 
that lower temperatures also enhanced CO2 solubility in XL-PEO, an increase in pure CO2/H2 selectivity 
was observed with both increasing pressure and decreasing temperature. For example, at 45 °C, the 
CO2/H2 selectivity improved slightly from 6.9 at 3 atm (30 psig) to 7.5 at 9.2 atm (120 psig). When 
temperature was lowered to –20 °C, the pure CO2/H2 selectivity more than doubled, increasing from 17 at 
2.4 atm (20 psig) to 45 at 9.2 atm (120 psig). 
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Figure 7-9. Permeabilities of (a) pure H2 and (b) pure CO2 in amorphous, rubbery XL-PEO as a 
function of feed pressure and temperature. Permeate pressure: 0 atm (vacuum). 
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 

Figure 7-10 shows the dependence of CO2 and H2 permeability coefficients on CO2 partial 
pressure in the feed at different temperatures. As CO2 partial pressure increased, CO2 and H2 
permeabilities increased at all temperatures, with the permeability rise being greater at lower temperatures 
due to higher CO2 thermodynamic activity (at a fixed partial pressure) in the polymer film at cooler 
temperatures. Both pure- and mixed-gas permeabilities also followed the same trends, suggesting that the 
permeability increase was in large measure a result of increasing CO2 partial pressure. As indicated by the 
increase in CO2 diffusivity with increasing CO2 concentration in the film [Barrer 1937, Lin et al, 2005], 
CO2 sorbed in the polymer plasticized the polymer chains, leading to an increase in fractional free volume 
and, in turn, gas permeability. With decreasing temperature, CO2 sorption and, hence, plasticization 
increased so that the effect of CO2 partial pressure on permeability became even stronger. 
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Figure 7-10. Effect of temperature and CO2 upstream partial pressure on (a) pure- and mixed-gas 
CO2 permeability and (b) pure- and mixed-gas H2 permeability in XL-PEO membrane 
film. Pure-gas permeability data are shown as open circles (○). Mixed-gas CO2/H2 
feed compositions (in mol% CO2 : mol% H2) were 10:90 (●), 50:50 (Δ), and 80:20 (▼). 
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg) [Lin et al., 2006]. 

Decreasing temperature typically decreases gas permeability as a result of a reduction in polymer 
chain mobility and, therefore, diffusivity at lower temperatures [Baker, 2004]. However, Figure 7-10a 
shows that decreasing temperature did not necessarily decrease CO2 permeability, especially at high CO2 
partial pressure. For example, at a CO2 feed partial pressure of 17 atm, the CO2 permeability at –20°C 
was 410 barrers, which was higher than that at 10°C (300 barrers) and very similar to that at 35°C (440 
barrers). Thus, the permeability decrease that normally accompanies a temperature reduction was 
essentially offset by the increase in CO2 solubility and the increased plasticization of the XL-PEO by 
CO2, which increased diffusivity, at lower temperatures. The findings described in Figure 7-10 on the 
acid-gas separation properties of the XL-PEO membrane material were published by UT and RTI as an 
article titled Plasticization-Enhanced Hydrogen Purification Using Polymeric Membranes in the journal 
Science [Lin et al., 2006; see Appendix B for article]. This article has generated much interest about this 
membrane technology for acid-gas/H2 separation from practically all major industrial gas companies (e.g., 
BOC, Air Products, Praxair, etc.). 

After verifying promising reverse selective behavior from the XL-PEO membrane materials, a 
more thorough formulation study was completed. Table 7-11 compares the pure-gas permeation 
properties of the PEGMEA/PEGDA membrane (the new XL-PEO membrane) to those of XL-PEO films 
prepared according to earlier formulations. Several permeation property tests were completed to find the 
best formulation of the XL-PEO membrane. Based on the permeation analysis completed, the PEGDA-
only formulation and the PEGA/PEGDA formulation were not the optimal recipes for making XL-PEO 
films with high acid-gas/H2 selectivity. 
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Table 7-11. Pure-Gas Permeation Properties of XL-PEO Membranes 
Prepared from Different Prepolymerization Mixture 
Compositions 

Prepolymerization mixture 
composition for XL-PEO 

membrane 

Pure-gas permeability 
(barrer) 

Pure 
selectivity 

H2 CO2 CO2/H2 
New formulation 

PEGMEA/PEGDA 
 

48 
 

410 
 

8.3–8.5 
Earlier formulations* 

PEGDA 
PEGA/PEGDA 

 
14 

12-13 

 
64 

70-72 

 
4.6 

5.4-6.0 
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
Test conditions: 65 psia (50 psig) feed pressure; 14.7 psia (0 psig) permeate pressure; 43 cm3/min 

He sweep rate on permeate side; 22 °C. 
Nomenclature is based on composition of prepolymerization mixture. The remaining percentage 

balance in these films refers to amount of water solvent used in prepolymerization mixtures. 

The XL-PEO membrane based on PEGMEA/PEGDA exhibited both higher pure-gas 
permeability and higher pure-gas selectivity than earlier XL-PEO films. It had a permeability of 48 and 
410 barrers for pure H2 and CO2, respectively, and a pure CO2/H2 selectivity of 8.5. Relative to that of 
earlier XL-PEO films made from either solely PEGDA or a PEGA/PEGDA combination, the new XL-
PEO had a 6-fold higher CO2 permeability and a 40-80% higher CO2/H2 selectivity. More importantly, 
the new XL-PEO achieved the higher permeability without sacrificing selectivity. The higher 
permeability will help significantly to reduce the membrane area required for a separation process. Of the 
polymers already screened and having a decent CO2/H2 selectivity, the XL-PEO derived from 
PEGMEA/PEGDA is the most permeable polymeric membrane material investigated thus far in this 
project. 

Optimal recipe formulations for the most promising cross-linked membrane materials continued 
with cross-linked poly(propylene oxide) [XL-PPO] materials synthesized from poly(propylene glycol) 
methyl ether acrylate [PPGMEA] monomer and poly(propylene glycol) diacrylate [PPGDA] cross-linker. 
These XL-PPO films were mechanically more robust than XL-PEO samples. Compared to that of 
XL-PEO, the XL-PPO chemical structure has a methyl side group. To see the effect of this methyl 
functionality on gas permeation behavior, the XL-PPO permeation results obtained are compared to those 
of XL-PEO in Table 7-12 and Figure 7-11. Compared to its PEO-based analog (i.e., XL-PEO), XL-PPO 
had ~11-16% lower CO2 permeability and ~84% higher H2 permeability. As a result, XL-PPO had 
CO2/H2 and H2S/H2 selectivities of only 4-5 and 12-13, respectively, significantly lower than those of the 
corresponding XL-PEO film (CO2/H2 and H2S/H2 selectivities ~ 10 and 50, respectively). 
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Table 7-12. Density, Fractional Free Volume (FFV), and Gas 
Permeability of Various XL-PPO and XL-PEO Materials 

Polymer Density,a 
g/cm3 

FFVb 
H2 

Permeabilityc barrers 

H2 CO2 
XL-PEO 1.155 0.128 31 320 
XL-PPO 1.075 0.190 77 360 
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
a Polymer film density (ρ) was determined at 24 °C by hydrostatic weighing. 
b Polymer FFV was estimated as (V – Vo)/V, where V =1/ρ is the specific volume of the 

amorphous polymer at the temperature of interest and Vo is the specific occupied volume of 
the polymer at 0 K. Typically, Vo is computed as 1.3 times the van der Waals volume, which 
is determined by a group contribution method [van Krevelen, 2004]. 

c Permeabilities were measured at 35 °C at feed pressure of 11 atm for H2 and 14.6 atm for 
CO2  

Test conditions: 65 psia (50 psig) feed pressure; 14.7 psia (0 psig) permeate pressure; 43 
cm3/min He sweep rate on permeate side; 22 °C. 

Nomenclature is based on composition of prepolymerization mixture. The remaining 
percentage balance in these films refers to amount of water solvent used in 
prepolymerization mixtures. 
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Figure 7-11. Comparison of (a) pure H2 and CO2 permeabilities and (b) pure CO2/H2 selectivity in 
XL-PPO and XL-PEO films as function of feed gas pressure at 35 °C. Permeate 
pressure: 14.7 psia. 1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 

The difference in acid-gas permeation behavior of XL-PPO and XL-PEO can be rationalized in 
terms of free volume (i.e., the amount of space available for gas permeation in a polymer) and polarity of 
the polymer matrix. As shown in Table 7-12, the fractional free volume (FFV) of XL-PPO was 48% 
higher than that of the PEO-based analog. The higher XL-PPO free volume is a consequence of the 
nonpolar pendant methyl group attached to the polymer chain backbone. Because this methyl side group 
in XL-PPO is larger than the analogous hydrogen atom bonded to the XL-PEO backbone, it disrupts 
polymer chain packing efficiency and, thus, increases polymer free volume. In turn, increasing free 
volume raises overall permeability of the polymer. As a result, XL-PPO had higher H2 and CO2 
permeabilities than its XL-PEO counterpart. However, from the perspective of chemical polarity, 
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PEO-based polymers possess a higher concentration of ether groups than those derived from PPO. This 
higher concentration of polar ether groups gives XL-PEO a greater affinity for acid gases such as CO2 
and, thus, compensates for the lower free volume (lower permeability) of XL-PEO by enhancing CO2 
solubility in this material. This “ether group” effect is manifested in XL-PEO having substantially higher 
acid-gas/H2 selectivity than XL-PPO. Thus, for acid gas removal from syngas, XL-PEO still has the more 
desirable combination of selectivity and permeability relative to XL-PPO. Upon completion of this 
optimal recipe study, it was found that XL-PEO films synthesized from PEGMEA/PEGDA formulations 
have the most potential for this project. 

The XL-PEO film based on PEGMEA/PEGDA was evaluated with a four-component, 
H2S-containing syngas mixture and with dry and humidified binary CO2/H2 feed mixtures. This new XL-
PEO sample is referred to as “XL-PEO (2)” in the discussion below. 

Experimental XL-PEO (2) permeation results were obtained as a function of feed pressure (up to 
415 psia) at 35 °C with pure CO2 and H2 and binary CO2/H2 mixtures of three different compositions. 
These results showed clearly that feed composition and feed pressure have a strong effect on the 
separation properties of rubbery XL-PEO (2). The XL-PEO (2) permeation results obtained with the four-
component syngas mixture are summarized in Figures 7-12 and 7-13. At acid-gas concentrations of only 
1% for H2S and 13% for CO2 in the feed, the mixed-gas permeabilities of H2S and CO2 both decreased 
with increasing pressure. As shown in Figure 7-12a, the pressure effect was most pronounced for the 
permeability of H2S, the most condensable (soluble) species in the syngas mixture used. In contrast, the 
mixed-gas permeabilities of H2 and CO, the less soluble syngas components, had much less dependence 
on feed pressure over the experimental range explored (Figure 7-12b). As a result of these permeability 
trends, Figure 7-13 shows mixture H2S/H2 and CO2/H2 selectivities decreasing slightly with increasing 
pressure. At 35 °C, the H2S/H2 selectivity of XL-PEO (2) varies over a range of 47-52, and its CO2/H2 
selectivity over a range of 9-10. 

It is known that pressure and composition of feed mixtures containing highly soluble gas species 
(e.g., CO2, H2S) typically have a strong effect on the separation properties of polymer membranes. When 
the feed is a binary CO2/H2 mixture, the mixture CO2 permeability of rubbery XL-PEO (2) is generally 
lower than its pure CO2 permeability due to hydrostatic compression, while its H2 permeability exhibits 
the opposite trend due to plasticization of the membrane by the more soluble gas component. The 
permeation results obtained with a multicomponent syngas mixture complement these binary mixture 
data. They demonstrate to what extent the transport of CO2 and H2 in XL-PEO (2) is affected by the 
presence of a small amount of highly condensable H2S and a large amount of very noncondensable CO in 
the feed. 
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Figure 7-12. Mixture permeability of (a) H2S and CO2 and (b) H2 and CO in XL-PEO (2) as a function 
of feed pressure at 35 °C. Film thickness: 450 µm. Syngas feed: 1% H2S, 36% H2, 13% 
CO2 in CO. Permeate pressure: 14.7 psia (0 psig). Downstream He sweep rate: 14-45 
cm3/min. Stage-cut: <1%. Syngas mixture data measured for a 616-µm-thick 
XL-PEO (2) film at 115 psia feed pressure and 22 °C are also shown for comparison 
(open symbols). 1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
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Figure 7-13. Dependence of mixture CO2/H2 and H2S/H2 selectivities in 

XL-PEO (2) on feed pressure at 35 °C. Film thickness: 
450 µm. Syngas feed: 1% H2S, 36% H2, 13% CO2 in CO%. 
Test conditions are the same as Figure 7-12. Syngas 
mixture data measured for a 616-µm-thick XL-PEO (2) film 
at 115 psia feed pressure and 22 °C are also shown for 
comparison (open symbols). 
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Figures 7-14 and 7-15 compare the CO2 and H2 permeabilities and CO2/H2 selectivity measured 
for XL-PEO (2) with the four-component syngas mixture to those obtained with pure gases and several 
binary CO2/H2 mixtures. The permeability and selectivity results obtained with the multicomponent 
syngas feed are essentially consistent with the other data and can be rationalized in terms of 
compressibility and plasticization effects on the XL-PEO (2) membrane. The presence of H2S in the feed 
appeared to have a negligible effect on CO2 and H2 permeation properties in XL-PEO (2), most likely, 
because the H2S concentration in the syngas mixture was low (~1%). 

Humidified feed permeation testing was completed on mixed-gas separation properties of XL-
PEO (2) at 22 °C, as summarized in Table 7-13. For comparison, the pure-gas and dry syngas mixture 
properties are also included in this table. The data obtained with the four-component, H2S-containing 
syngas mixture at a feed pressure of 115 psia show that XL-PEO (2) had an excellent mixture H2S/H2 
selectivity of 50, the highest value obtained thus far in this project. The measured mixture H2S 
permeability of 2,500 barrers was also among the highest values obtained. The mixture CO2/H2 selectivity 
obtained at the same feed pressure (115 psia) was 7.2-7.8 and was essentially the same for the 
multicomponent, H2S-containing feed and the binary CO2/H2 feed. This mixture CO2/H2 selectivity was 
8-15% lower than the measured pure-gas value mainly because of the lower CO2 partial pressure driving 
force under the given mixture test conditions. More importantly, the introduction of water vapor into the 
feed did not adversely affect the separation properties of XL-PEO (2). In fact, the XL-PEO (2) membrane 
had higher CO2 permeability under humidified feed conditions, resulting in an increase in mixed-gas 
CO2/H2 selectivity from 7.8 to 12. The change was ascribed to plasticization by H2O, which improved 
CO2/H2 separation ability by a mechanism very similar to that by which higher CO2 partial pressure 
increases CO2/H2 selectivity. 

With the promising results found for the XL-PEO materials, MEDAL produced samples of the 
new generation of XL-PEO membrane samples to be screened in pure- and mixed-gas permeation 
experiments. These MEDAL membranes, which are designated as XL-PEO (3), followed up on UT’s 
fundamental XL-PEO research. The XL-PEO (3) membranes were derived from BPAE15, a 
poly(ethylene glycol) dimethacrylate monomer with a bisphenol center. BPAE15 was selected because its 
mechanical and handling properties were expected to be more promising for scaling up in MEDAL’s 
composite membrane fiber production process. 

XL-PEO (3) samples #10-15A, #10-15C1, #10-15C2, #10-22-A were free-standing, dense, thick 
films and were used to obtain the intrinsic gas permeation properties of this formulation. Samples #10-
15E1, #10-9C2, #10-9A1, and #10-9C1 were composite membranes prepared by forming a thinner XL-
PEO (3) layer on a mechanically robust, microporous poly(etherimide) [PEI] support. For Samples #10-
15E1 and #10-9C1, the selective XL-PEO (3) layer was coated on dry PEI support; for Samples #10-9C2 
and #10-9A1, this selective layer was coated on wet support. The wet support coating technique was used 
in an attempt to minimize/eliminate undesirable penetration of the XL-PEO (3) coating layer into the dry-
coated microporous substrate. Such penetration is typically detrimental to the separation performance of 
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the overall composite membrane, preventing the desirable selective-layer separation properties from being 
attained. 
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Figure 7-14. Comparison of (a) CO2 and (b) H2 permeability obtained with a four-component 

syngas mixture to that determined with several binary CO2/H2 mixtures and pure CO2 
as a function of CO2 feed partial pressure for XL-PEO (2) at 35 °C. Syngas feed: 1% 
H2S, 36% H2, 13% CO2 in CO. Numbers shown indicate the composition of the binary 
CO2/H2 feed mixtures. Test conditions are similar to those given in the Figure 7-12 
caption. 1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
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Figure 7-15. Comparison of CO2/H2 selectivity determined with a four-component syngas mixture 

to that determined with several binary CO2/H2 mixtures and pure gases as a function 
of CO2 feed partial pressure for XL-PEO (2) at 35 °C. Syngas feed: 1% H2S, 36% H2, 
13% CO2 in CO. Numbers shown indicate the composition of the binary CO2/H2 feed 
mixtures. Test conditions are similar to those given in the Figure 7-12 caption. 
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Table 7-13. Pure- and Mixed-Gas Permeability and Selectivity of Syngas Components in Rubbery 
XL-PEO (2) 

Feed type 

Feed 
pressure 

(psia) 

Gas permeability (barrer) Selectivity 

H2 CO2 H2S CO2/H2 H2S/H2 
Pure-gas 65 48 410 — 8.5 — 
4-component mixturea 115 50 360 2,500 7.2 50 
2-component mixture (Dry)b 115 

165 
215 
315 

46 
43 
38 
40 

360 
355 
355 
355 

— 
— 
— 
— 

7.8 
8.3 
9.3 
8.9 

— 
— 
— 
— 

2-component mixture (Wet)c 115 43 515 — 12 — 
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
XL-PEO (2) film thickness: 616 µm 
T = 22 °C; Permeate pressure = 14.7 psia (0 psig); Downstream He sweep rate = 43 cm3/min 
a 1.0% H2S, 35.7% H2, and 12.5% CO2 in CO feed; Stage-cut < 0.02%. 
b 25.2% CO2 in H2 feed; Stage-cut < 0.1%. 
c Humidified CO2/H2 feed (25.12% CO2 and 0.33% H2O in H2); Stage-cut < 0.05% (Preliminary result to be rechecked). 

The gas permeation properties measured at room temperature for the various XL-PEO (3) 
membranes are summarized in Table 7-14. Sample #10-15C1 had the best acid-gas separation properties 
from this sample set, showing an intrinsic CO2/H2 selectivity of 8.4, as obtained with pure gases. Its 
mixed-gas permeation properties were also found to be consistent with its pure-gas data. This sample 
permeation testing was continued to further study the separation performance of this material. 
Unfortunately, the XL-PEO (3) composite membranes in the initial sample set were either defective or 
had poor acid-gas separation properties (i.e., they were H2-selective), indicating that the XL-PEO (3) 
coating was bad and had significantly penetrated into the pores of the PEI support. 

For the different dense-film samples of XL-PEO (3) tested, a comparison shows some variability 
(up to ~30%) in their separation properties. The best pure CO2/H2 selectivity observed was 8.4 for XL-
PEO (3) film #10-15C1. The worst was seen for XL-PEO (3) film #10-15C2 with a pure CO2/H2 
selectivity of 5.7. The dense XL-PEO (3) film in the sample Batch #2 possesses selectivities that are 
intermediate. Additionally, the permeability of the XL-PEO (3) samples in the first sample set (Batch #1) 
was higher than that of the XL-PEO (3) film made in Batch #2. As an example, the pure CO2 permeability 
was 150-320 barrers for Batch #1 samples and only 45-47 barrers for the Batch #2 sample. One possible 
explanation for the variation in XL-PEO (3) permeation properties was a difference in cross-linking 
density as the XL-PEO (3) preparation step continued to be optimized in terms of polymerization and 
cross-linking conditions. 

In the screening of the initial new XL-PEO (3) polymers, Sample #10-15C1 had the best acid-gas 
separation properties, showing an intrinsic CO2/H2 selectivity of 8.4, as obtained with pure gases. Its 
mixed-gas permeation properties were also found to be consistent with its pure-gas data. The mixture 
CO2/H2 and H2S/H2 selectivities of Sample #10-15C1 were 6.7 and ~30, respectively, at 22 °C. As 
expected, the CO2/H2 selectivity was slightly lower in the mixed-gas experiment due to the lower CO2 
partial pressure driving force in the mixture test relative to the pure-gas test. 
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Table 7-14. Room-Temperature Gas Permeation Properties of MEDAL XL-PEO (3) Membranes 

Membrane 
sample No. Feed type 

Pressure-normalized gas flux 
(GPU) Gas selectivity 

He H2 CO2 H2S CO2/Hea CO2/H2 H2S/H2 
Dense films 

#10-15A 
 
Pure-gas 

 
----- Defectiveb ----- 

 
— 

 
— 

 
— 

#10-15C1 Pure-gas 
Mixed-gasc 

— 
— 

0.19 
0.21 

1.6 
1.4 

— 
6.4 

— 
— 

8.4 
6.7 

— 
30 

#10-15C2 Pure-gas — 0.10 0.57 — — 5.7 — 
#10-22-Ad 
 

Pure-gas 
Mixed-gas 

— 
— 

7.2 
9.5 

47 
53 

— 
200 

— 
— 

8.4 
5.6 

— 
21 

PEI-supported 
composites 

#10-15E1 

 
 
Pure-gas 

 
 

120 

 
 

~210e 

 
 

--- Defect --- 

 
 

— 

 
 

— 

 
 

— 
#10-9C2 Pure-gasf 6.3 11 7.0 — 1.1 0.64 — 
#10-9A1 Pure-gas 190 320 99 — 0.52 0.31 — 
#10-9C1g Pure-gas 41 63 20 — 0.49 0.32 — 

1 GPU ≡ 10-6 cm3(STP)/(cm2·s·cmHg). 
Feed pressure = 50 psig (unless otherwise indicated below); Permeate pressure = 0 psig 
For dense films, downstream He sweep flow (43-44 cm3/min) was used in all tests. 
For composite membranes, no downstream sweep gas was used. 
a As a reference, best CO2/He selectivity obtained at MEDAL on this preliminary batch of composite membranes was ~3 at 25 psig 

feed pressure and room temperature. The CO2/He selectivity values of composite samples tested in the RTI permeation setup 
was ≤1, indicating that these composites were defective or bad. 

b Visible film crack in center of sample 
c Four-component syngas mixture (0.96% H2S, 36.6% H2, and 12.6% CO2 in CO); Feed pressure = 100 psig; Stage-cut = 0.03% 
d Pure gas feed pressure = 100 psig; Four-component syngas mixture (1.0% H2S, 35.7% H2, and 12.5% CO2 in CO); Mixed gas 

feed pressure = 250 psig; Stage-cut = <0.3%;  
e Composite membrane became defective after this measurement. Sample could no longer maintain feed pressure and had high 

gas flow. 
f Feed pressure = 25 psig. 
g Gas flux of this composite membrane sample is not very stable, tending to increase slightly with time and number of tests run. 

The mixture acid-gas permeation properties of this XL-PEO (3) dense film (Sample #10-15C1) 
were investigated as a function of temperature over the range of 22-126 °C. As shown in Table 7-15 the 
acid-gas/H2 selectivity of XL-PEO (3) decreased with increasing temperature. The CO2/H2 selectivity 
decreased from 6.7 at 22 °C to 2.1 at 126 °C. Over this same range of temperature increase, the H2S/H2 
selectivity fell from 31 to 6.9. Table 7-15 also presents the pure CO2 and H2 permeation properties of 
Sample #10-15C1 (i) before exposure to syngas mixture, (ii) after 22 °C syngas exposure, and (iii) after 
126 °C syngas exposure. The properties of Sample #10-15C1 appeared to be degraded by exposure to a 
H2S-containing feed, as well as possibly to higher temperatures. After the 126 °C syngas test, its gas 
permeabilities were clearly lower, and its pure CO2/H2 selectivity had dropped from an initial value of 8.4 
to 5.4. 

Table  7-16 compares the permeabilities and selectivities determined for the two XL-PEO (3) 
films having modified compositions. The mixed-gas CO2/H2 and H2S/H2 selectivities of XL-PEO (3) 
sample #11-11-A2-C1 were comparable to those measured for XL-PEO (3) film #10-22-A (5.6 for 
CO2/H2 and 21 for H2S/H2). Furthermore, introduction of 1.5 wt% polar PVAc into the XL-PEO (3) 
matrix apparently did not hurt the acid-gas/H2 selectivities of the base polymer; in fact, based on the 
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Table 7-15. Acid-Gas Permeation Properties of MEDAL XL-PEO (3) at Different Temperatures 

Membrane 
sample No. Feed type 

T 
(°C) 

Gas permeability (barrer) Gas selectivity 

H2 CO CO2 H2S CO2/H2 H2S/H2 
#10-15C1 
(dense film) 

Pure-gasa 
Before all syngas tests 
After 22 °C syngas 
After 126 °C syngas 

22 
22 
22 

38 
39 
28 

— 
— 
— 

320 
310 
150 

— 
— 
— 

 
8.4 
7.9 
5.4 

— 
— 
— 

Mixed-gasb 22
50 
75 
101 
126 

41
120 
220 
350 
520 

17
38 
77 
115 
170 

275
610 
850 
930 

1,100 

1,300 
2,400 
3,000 
3,100 
3,600 

6.7 
5.1 
3.9 
2.7 
2.1 

31
20 
14 
8.9 
6.9 

1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
Permeate pressure = 0 psig; Downstream He sweep rate = 43-44 cm3/min. 
a Feed pressure = 50 psig 
b Four-component syngas mixture (0.96% H2S, 36.6% H2, and 12.6% CO2 in CO); Feed pressure = 100 psig; Stage-cut < 0.4% 
 
Table 7-16. Acid-Gas Permeabilities and Selectivities Obtained for MEDAL Dense XL-PEO (3) 

Films at 21 °C 

MEDAL film sample Feed type 
Gas permeability (barrer) Gas selectivity 

CO H2 CO2 H2S CO2/H2 H2S/H2 
XL-PEO (3) film  
#11-11-A2-C1 

Pure-gas 
Before syngas 
After syngas 

 
— 
— 

 
3.4 
3.2 

 
18 
17 

 
— 
— 

 
5.3 
5.4 

 
— 
— 

Mixed-gas 0.32 3.5 18 81 5.0 23 
PVAc-modified 
XL-PEO (3) film 
#10-30-B-D 

Pure-gas 
Before syngas 
After syngas 

 
— 
— 

 
3.2 
3.1 

 
20 
17 

 
— 
— 

 
6.1 
5.6 

 
— 
— 

Mixed-gas 0.36 3.3 18 85 5.4 26 

1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
Feed pressure = 50 psig (pure-gas) and 100 psig (mixed-gas). 
Permeate pressure = 0 psig; Downstream He sweep rate = 43-44 cm3/min. 
Syngas mixture used: 1.0% H2S, 35.7% H2, and 12.5% CO2 in CO; Stage-cut < 0.5% in mixed-gas tests. 

Pure- and mixed-gas testing were completed to compare a dense film of MEDAL XL-PEO (3) to 
two XL-PEO (3) composite membranes that were cast onto a microporous nylon support. A detailed 
description of these samples and their identification numbers are presented in Tables 7-17 , and 7-18 
presents the permeance and selectivities measured for these materials. 

Table 7-17. MEDAL Composite XL-PEO (3) Membrane Samples Prepared 

Membrane 
sample 

Premasked 
by MEDAL?a Description 

XL-PEO (3) 
#10-23-D 
#10-30-E1 
#10-22-A 

 
Yes 
No 
No 

 
Composite membrane (BPAE15b coated on dry nylon support) 
Composite membrane (BPAE15b coated on wet nylon support) 
Dense BPAE15b film (Avg. film thickness ~ 557 µm; Std. dev. ~ ±108 µm) 

a Membrane was premasked with aluminum tape disk(s) having a precut, circular center opening. 
b BPAE15 ≡ poly(ethylene glycol) dimethacrylate monomer with bisphenol center and PEG:phenol ratio of 15 
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Table 7-18. Gas Permeation Properties of MEDAL’s Nylon/XL-PEO (3) Composite Membrane 
Samples at 21-22 °C 

XL-PEO (3) 
composite 

membrane sample Feed type 

Pressure-normalized gas flux 
(GPU) Gas selectivity 

H2 CO CO2 H2S CO2/H2 H2S/H2 
 
 
#10-23-D 
[Composite 
on nylon (dry)] 
 
 

Pure-gas 
Before syngas test 
After syngas test 

Test #1 
Test #2a 

 
0.039 

 
0.041 
0.038 

 
— 
— 
— 
— 

 
0.17 

 
0.18 
0.20 

 
— 
— 
— 
— 

 
4.4 

 
4.4 
5.3 

 
— 
— 
— 
— 

Mixed-gas 
Test #1 
Test #2b 

 
0.043 
0.045 

 
0.0052 
0.0046 

 
0.17 
0.17 

 
0.86 
0.72 

 
4.0 
3.8 

 
20 
16 

#10-30-E1 
[Composite on 
nylon (wet)] 

Pure-gas 
Before syngas test 
After syngas testc 

 
0.033 
0.028 

 
— 
— 

 
0.18 

0.165 

 
— 
— 

 
5.5 
5.9 

 
— 
— 

Mixed-gas 0.036 0.0052 0.20 0.95 5.6 26 

1 GPU = 10-6 cm3(STP)/(cm2·s·cmHg). 
Permeate pressure = 0 psig; Downstream He sweep flow rate = 43-44 cm3/min 
Pure-gas tests: Feed pressure = 50 psig (unless otherwise indicated) 
Mixed-gas tests: Four-component syngas mixture (1.0% H2S, 35.7% H2, and 12.5% CO2 in CO); Feed pressure = 100 psig (unless 

otherwise indicated); Stage-cut < 0.5% 
a 100 psig feed pressure. 
b 200 psig feed pressure. 
c Data shown were remeasured the day after syngas mixture test. These pure-gas permeation fluxes appear to be slightly lower 

than the values [H2 flux = 0.033 GPU, CO2 flux = 0.18 GPU; CO2/H2 selectivity = 5.5] determined immediately after the syngas 
test (same-day measurement). 

7.3.3.1 Acid-Gas-Absorbent-Filled XL-PEO 
Another approach investigated in this project to improve CO2/H2 separation performance was to 

blend XL-PEO with salt of inorganic additives that have an affinity for acid gases such as CO2. In 
particular, PEO has been shown to be an excellent host matrix for dissolving a broad range of salts [Gray, 
1991]. For example, the hydrated salt, tetramethyl ammonium fluoride tetrahydrate (TMAF·4H2O), which 
had been reported to have high CO2 absorption capacity [Quinn et al, 1995], was used to produce liquid 
membranes of TMAF·4H2O doped in poly(trimethylsilylpropyne) as a means of developing a method for 
doping the polymers. After a doping method was developed, a blend of XL-PEO and TMAF·4H2O was 
prepared for permeation and sorption measurements. The first method tried by UT in this project was to 
add the salt into the solution of monomer and cross-linker before polymerization. Because the salt was not 
soluble in the monomer, methanol and water were tried as solvents. However, the cross-linker was not 
soluble in water; therefore, the polymerization product could not form a flat film. Even though the cross-
linker is soluble in methanol, when this solvent was used, the polymerization did not occur, no matter 
how long the solution was exposed to UV light. The second method attempted was to dip XL-PEO in a 
solution of the salt. After taking it out from the vacuum oven, the film was wiped to remove excess salt 
solution. TMAF is so hygroscopic that a water drop was observed just several minutes after the film was 
exposed to air. 

Successfully prepared TMAF-doped XL-PEO samples were then studied for their permeability 
properties. The pure H2 and CO2 permeation kinetics for the TMAF-doped XL-PEO sample are presented 
in Figure 7-16. The gradual permeability rise seen at the beginning of the experiments was attributed to 
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7-36 

time lag associated with gas diffusion into this thick membrane. In the case of H2 permeation, the H2 
permeability reached an apparent steady-state value of 18 barrers after 3-4 hr. The permeation of the 
larger CO2 molecule, however, required a significantly longer time to stabilize. As shown in 
Figure 7-16b, the CO2 permeability reached a maximum value after 4 h and then slowly declined to a 
stable value of 94 barrers after 18 h. The reason for the subsequent decrease in CO2 permeability was not 
clear at this point but may be related to several possible factors: (1) gradual dehydration of the 
hygroscopic XL-PEO/TMAF film with increasing CO2 permeation time, (2) slow compaction 
(densification) of the very soft film under the specified feed pressure (40% lower film thickness at the end 
of permeation experiment), and/or (3) gradual loss of TMAF salt from the film (small amounts of 
possibly salt crystals and aqueous liquid droplets of dissolved salt found on the bottom of the permeation 
cell after testing). As calculated from the steady-state permeabilities, the pure CO2/H2 selectivity of this 
XL-PEO/TMAF membrane was 5.2, roughly 13% lower than the selectivity of 6 obtained for unfilled 
XL-PEO. 
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Figure 7-16. Permeation kinetics of (a) pure H2 and (b) pure CO2 in XL-PEO film filled with ~46 wt% 
TMAF salt at 22 °C. Initial film thickness: 880 μm. Feed pressure: 100 psig. Permeate 
pressure: 0 psig. Downstream He sweep rate: 44 cm3/min. 

The addition of CO2-philic MgO nanoparticles to improve CO2 permeability and CO2/H2 
selectivity of the novel XL-PEO materials was also investigated. By acting as nanofillers, the MgO 
particles were also expected to improve the mechanical properties of the polymer matrices. Before testing 
this theory in the novel XL-PEO, two “proof-of-concept” nanocomposite PTMSP films prepared at UT 
were evaluated in pure- and mixed-gas permeation studies to evaluate the use of MgO nanofiller particles. 
In these films, MgO nanofiller particles were dispersed in the base PTMSP matrix at a filler concentration 
of 17 and 22.5 vol%. According to literature, particles of alkaline earth metal oxide (e.g., MgO) 
preferentially adsorb acid gases such as CO2. Thus, it was expected that addition of MgO particles to 
PTMSP may enhance the CO2 affinity and, hence, the acid-gas separation properties of the base 



 7. Development of Polymer Membrane System for CO2 and H2S Removal 

membrane material. As shown in Table 7-19, the PTMSP/MgO nanocomposites showed no improvement 
in CO2/H2 selectivity relative to the base PTMSP polymer. In the case of the sample with 17 vol% MgO, a 
small increase in permeability was also observed. FTIR spectra performed at UT indicated that the MgO 
particles react with the PTMSP matrix to form Si-O bonds. 

Table 7-19. Pure and Mixture H2 and CO2 Permeabilities of PTMSP/MgO Nanocomposites at 35 °C 

Membrane Feed type 

Gas permeability (barrer) 

CO2/H2 selectivityH2 CO2 

Pure PTMSPa Pure-gasa 17,400 38,700 2.2 
PTMSP + 17 vol% MgO Pure-gasa 

Mixed-gasb 
26,000 
24,800 

43,700 
41,600 

1.7 
1.7 

PTMSP + 22.5 vol% MgO Pure-gasa 
Mixed-gasb 

26,000 
23,300 

33,900 
32,400 

1.3 
1.4 

1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
a Feed pressure = 50 psig; Permeate pressure = 0 psig (no He sweep); T = 35 °C, except for pure PTMSP (22 °C). 
b 25% CO2/75% H2 binary feed; Feed pressure = 100 psig; Permeate pressure = 0 psig; T = 35 °C; Downstream He sweep rate = 

95-99 cm3/min; Stage-cut = 3-4% 

XL-PEO and XL-PPO nanocomposite film containing MgO nanoparticles were then prepared and 
tested. A XL-PEO nanocomposite film containing 44 wt% MgO nanoparticles and XL-PEO films of two 
different monomer/cross-linker compositions were studied and compared. XL-PEO/MgO films were 
evaluated with pure H2 and CO2 and a H2S-containing syngas mixture at 23 and 35 °C. This sample batch 
was based on two different chemical compositions for the base photopolymerized XL-PEO matrix: 
(i) XL-PEO(1), which was prepared from PEGDA cross-linker and (ii) XL-PEO(2a), which was prepared 
from PEGMEA/PEGDA. The new nanocomposite batch consisted of one film based on XL-PEO(1) and 
two films (Samples #1 and #2) derived from XL-PEO(2a). All three films contained 44 wt% MgO 
nanofiller. The acid-gas permeation properties of these XL-PEO/MgO nanocomposite samples are 
summarized in Table 7-20. For comparison, permeation data for the unfilled XL-PEO(1) and 
XL-PEO(2a) membranes are also included in the table. 

From Table 7-20, the acid-gas/H2 selectivities are higher for the XL-PEO(2a)/MgO sample than 
for the XL-PEO(1)/MgO film. For example, at 35 °C, XL-PEO(2a)/MgO exhibited selectivity values of 
about 10-14 for CO2/H2 and 39-48 for H2S/H2, while XL-PEO(1)/MgO had values of only 4.8 and 17 for 
CO2/H2 and H2S/H2, respectively. The CO2/H2 selectivity values measured at RTI were also consistent 
with those obtained at UT at this temperature. Additionally, when temperature was lowered slightly from 
35 to 23 °C, the acid-gas/H2 selectivities of these reverse-selective nanocomposites generally increased as 
expected due to higher acid-gas solubility at lower temperatures. In the case of the XL-PEO(2a)/MgO 
films, their CO2/H2 and H2S/H2 selectivities improved to 12-18 and 54-57, respectively, at room 
temperature. The H2/CO selectivity of the three XL-PEO/MgO films tested varied from 3-4. 

Further scrutiny of the Table 7-20 data shows that permeabilities of the XL-PEO/MgO films were 
fairly similar under pure- and mixed-gas conditions over the temperature range studied, with 
permeabilities tending to increase as expected with increasing temperature. A greater difference is seen 
when our permeabilities were compared to the initial values measured by UT when the films were freshly 
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made. Relative to the initial UT-measured permeability, the permeability of XL-PEO(1)/MgO and 
XL-PEO(2a)/MgO was 2 and 3-5 times lower, respectively. That is, the substantial permeability 
enhancement that these nanocomposites had initially exhibited appeared to have diminished or vanished 
after one year. Such time-dependent permeability changes had not been observed in the various unfilled 
XL-PEO membranes tested to date. 

Table 7-20. Pure- and Mixed-Gas Acid-Gas Permeation Properties Obtained for New Batch of 
MgO-Filled XL-PEO Nanocomposite Films 

Film Feed type 
T 

(°C) 

Permeability (barrer) Selectivity 

CO H2 CO2 H2S CO2/H2 H2S/H2 

XL-PEO(1) 
+ 44 wt% MgO 

Pure-gas 35 
35 (UT)b 

— 
— 

170 
380 

— 
1,700 

— 
— 

— 
4.5 

— 
— 

Mixed-gasa 35 45 180 860 3,050 4.8 17 

XL-PEO(2a) 
+ 44 wt% MgO 
— Sample #1 

Pure-gas 23 
35 

35 (UT)b 

— 
— 
— 

19 
30 
91 

315 
370 
940 

— 
— 
— 

17 
12 
10 

— 
— 
— 

Mixed-gasa 23 
35 

6.0 
11 

24 
33 

260 
360 

1,300 
1,300 

11 
11 

54 
39 

XL-PEO(2a) 
+ 44 wt% MgO 
— Sample #2 

Pure-gas 23 
35 

Test #1 
Test #2 
35 (UT)b 

— 
 

— 
— 
— 

12 
 

17 
19 
91 

220 
 

240 
240 
940 

— 
 

— 
— 
— 

18 
 

14 
13 
10 

— 
 

— 
— 
— 

Mixed-gasa 23 
35 

Test #1 
Test #2 

4.2 
 

6.6 
6.2 

15 
 

24 
21 

180 
 

240 
230 

860 
 

1,000 
1,000 

12 
 

10 
11 

57 
 

42 
48 

Unfilled XL-PEO(1) Pure-gasc 21 — 14 64 — 4.6 — 
Unfilled XL-PEO(2a) Pure-gasd 35 (UT) — 32 350 — 11 — 
Unfilled XL-PEO(2b) Pure-gase 22 — 48 410 — 8.5 — 

Mixed-gasf 23 11 50 360 2,500 7.2 50 
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
Feed pressure = 200 ± 2 psig; Permeate pressure = 0 psig; Downstream He sweep rate ≈ 20 cm3/min 
a Syngas feed mixture ≡ 1.0% H2S, 35.9% H2, 13.0% CO2, and 50.1% CO; Stage-cut << 0.1%. 
b Preliminary data measured by UT on these same samples at 50 psig feed pressure. 
c Data at 50 psig feed pressure. 
d Initial data at 50 psig feed pressure from UT. 
e Data at 50 psig feed pressure. 
f Data at 100 psig mixed-gas feed pressure. 

In the case of XL-PEO(2a)/MgO, its present-day permeability (as well as its selectivity) was 
essentially the same as that of the unfilled XL-PEO(2a) base polymer (cf. Table 7-20), suggesting 
possibly that an insufficient amount of MgO particles had remained in their active acid-gas-sorbing state 
after one-year storage at ambient conditions. The permeation properties of XL-PEO(2a)/MgO were also 
compared to those of an unfilled XL-PEO(2b) film in Table 7-20. XL-PEO(2b) contained higher 
PEGMEA monomer content (lower PEGDA cross-linker content) and was a variation of the XL-PEO(2a) 
formulation. In general, XL-PEO(2a)/MgO [as well as the XL-PEO(2a) base polymer] had somewhat 
lower permeability but higher acid-gas/H2 selectivity than the less cross-linked, higher-free-volume 
XL-PEO(2b). 
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In the case of XL-PEO(1)/MgO, its present-day permeability was still more than 10 times higher 
than the unfilled XL-PEO(1) matrix due to the presence of MgO nanoparticles. Interestingly, this higher 
permeability was not accompanied by a reduction in selectivity, which stayed essentially that of the base 
polymer. It would be reasonable to speculate that, like those in the XL-PEO(2a)/MgO sample discussed 
above, most MgO particles in XL-PEO(1) were likewise inactive after one year with respect to enhancing 
acid-gas dissolution into the base polymer. However, at least in this more cross-linked, lower-free-volume 
XL-PEO(1) matrix, the MgO particles appeared to physically disrupt the chain packing (free volume) of 
this polymer more than they do in the XL-PEO(2) formulations, leading to the observed higher 
permeability. Overall, the XL-PEO/MgO nanocomposite blends formed an interesting system but, at their 
present state of development, their properties seemed to be sensitive to sample preparation history 
(i.e., reproducibility issues) and not very stable over time. 

7.3.4 Membranes Doped with Acid-Gas-Philic Additives 
7.3.4.1 Poly(1-trimethylsilyl-1-propyne) [PTMSP] Based Membranes 

Membrane preparation also focused for a period on the enhancement of acid-gas selectivity of 
known reverse-selective polymers such as poly(1-trimethylsilyl-1-propyne) [PTMSP], by the 
dispersion/incorporation of molecular and polymeric acid-gas adsorbents and other additives into these 
polymeric matrices. PTMSP is a highly permeable, high-free-volume polymer that is highly selective for 
condensable vapors over light gases in mixed-gas environments. Based on a literature search of physical 
absorbents that showed some affinity toward CO2 and/or H2S and that might be compatible with useful 
polymer/solvent systems, we identified 3-methyl sulfolene as an additive that might enhance acid-gas 
selectivity.  

Three-methyl sulfolene was added to poly(1-trimethylsilyl-1-propyne) [PTMSP], a polymer with 
low acid-gas selectivity, but one that has shown an ability to accommodate additives and still form 
mechanically stable films. Figure 7-17 presents the CO2/H2 and O2/N2 selectivity of PTMSP containing 
varying amounts of 3-methyl sulfolene. As the additive content increased from 0 to 30 wt%, the CO2/H2 
selectivity of PTMSP increased from 2.3 to 6.5 (beyond 30 wt% it became difficult to form films). This 
nearly 3-fold increase in acid-gas selectivity suggests that 3-methyl sulfolene and similar compounds may 
hold promise as a means of enhancing membrane performance. 

Because polyethyleneimine [PEI] is a viscous liquid polymeric amine reported to possess very 
high affinity for acid gases, PEI-impregnated PTMPS membrane films were also prepared. To check 
whether PEI improves the selectivity of PTMSP for CO2, the gas permeation properties of a 44-µm 
PTMSP membrane before and after impregnation with PEI was evaluated with pure gases, including H2 
and CO2. This PTMSP membrane was impregnated with PEI [EPOMINTM SP-200, Nippon Shokubai Co., 
Osaka, Japan] by immersing the PTMSP film in a low-viscosity solution of 10 wt% PEI in methanol for 
36 h. Because PTMSP swells significantly in methanol at room temperature, PEI was expected to enter 
and fill the nanoporous PTMSP matrix. Upon removal from the impregnating solution, the PEI-loaded 
PTMSP was dried under vacuum at room temperature before screening with pure and mixed gases. 
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Figure 7-17. Pure-gas selectivity for CO2/H2 and O2/N2 in PTMSP 

containing varying amounts of 3-methyl sulfolene. 

The permeation results obtained from the investigation of polyethylenimine (PEI) loaded into 
PTMSP before and after PEI loading are summarized in Figure 7-18 and Table 7-21. The pure, as-cast 
PTMSP membrane had high gas permeabilities that are in agreement with literature values. After 
treatment with less permeable PEI, all gas permeabilities in PTMSP were reduced as expected. The 
CO2/H2 selectivity of PTMSP loaded with PEI, however, also decreased relative to that of plain PTMSP, 
even in a humidified feed environment (cf. Table 7-21). The PEI treatment appeared to make PTMSP 
more size-selective for the smaller H2 species. Two possible explanations may be (1) that the amount of 
PEI loaded into PTMSP was too low to improve CO2 permeability or (2) that PEI itself did not have high 
permeability for CO2 despite the high CO2 sorption capacity reported for this polyamine in literature. 
Although these preliminary data indicate that PEI did not seem to improve permeation of CO2 over that of 
H2 in PTMSP, PEI may still increase CO2 uptake (solubility) in the PTMSP matrix. 

Atmospheric thermogravimetric (TGA) experiments were conducted on polyetherimide (PEI)-
impregnated PTMSP to determine whether PEI can significantly enhance CO2 uptake into the PTMSP 
polymer matrix. Specifically, the TGA studies measured the CO2 sorption capacity and regenerability of 
the different membrane formulations prepared. The atmospheric TGA experiments were completed on 
PTMSP impregnated with PEI in pure helium, pure carbon dioxide, moist helium, and moist carbon 
dioxide environments at 75 °C. For comparison, these same TGA experiments were also done on pure 
PTMSP and pure PEI as control samples. The TGA results are presented in Table 7-22. PDMS was used 
as a reference material to check TGA measurement accuracy and, in particular, to determine effect of 
buoyancy on the results. The CO2 uptake in PDMS reflects the CO2 solubility estimated from literature 
data for this polymer at 75 °C and 1 atm. As expected, PDMS has low moisture uptake because of its 
hydrophobic nature. 
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Figure 7-18. Pure-gas permeability in PTMSP at 22 ºC before and after 

impregnation with PEI as a function of gas permeant size 
(critical volume Vc). Feed pressure: 50 psig; Permeate 
pressure: 0 psig. 

 
Table 7-21. Effect of PEI Impregnationa on Pure H2 and CO2 Permeabilities of PTMSP in Dry and 

Moist Environments 

Gas 

Gas permeability (barrer)a

Before impregnation After impregnation with PEI
Dry gasc (22 °C) Dry gasc (22 °C) Moist gasc (22 °C) Moist gasc (75 °C)

H2 17,400 12,600 13,300 10,300
CO2 38,700 21,800 23,900 12,100

CO2/H2 selectivity 2.22 1.74 1.80 1.18
1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
a PTMSP was immersed in 10 wt% EPOMIN SP-200 in methanol for 36 h and dried. 
c Feed pressure = 50 psig; Permeate pressure = 0 psig (No sweep gas used). Moist feed was obtained by passing dry feed gas 

through a bubbler filled with liquid water to saturate it with water vapor at the experimental temperature. 
 
Table 7-22. Sorption Uptake Determined with Atmospheric TGA in PDMS, PTMSP, and PEI-

Impregnated PTMSP under Pure CO2, Moist CO2, and Moist He Environments at 75 °C 

Sorbent sample 
Mass uptake, wt%

Comments CO2 CO2+H2O vapor H2O vapor(+He) 
PDMS 0.113 0.134 — Equilibrium
PTMSP (Sample #1) 0.385 0.402 — Equilibrium
PEI (polymer liquid) Negligible 8.0 8.6 Non-equilibrium
PTMSP+19 wt% PEI 0.640 2.60 1.75 Non-equilibrium
PTMSP+31 wt% PEI (no vacuum)a 1.37 3.96 1.80 Non-equilibrium
PTMSP+31 wt% PEI (vacuum)b 1.91 4.92 2.20 Non-equilibrium
Gas flow rate = 35 cm3/min in all TGA tests; 15 mol% water vapor in moist gas streams. 
Sorption pressure = 1 atm 
a  No vacuum treatment before TGA test. 
b Vacuum pretreatment at room temperature before TGA test. 
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For the higher PEI impregnation (31 wt%) over the 19 wt%, comparison shows that the CO2 and 
CO2+steam uptakes were higher in PTMSP containing 31 wt% PEI than in that loaded with only 19 wt% 
PEI, as would be expected. However, no significant difference between the water vapor(+He) uptake of 
the films with more PEI and that of the film with less PEI was seen. This outcome was unexpected and 
requires further investigation to understand why more moisture was not sorbed when more hydrophilic 
PEI was present in the PTMSP films. Additionally, the data in Table 7-22 show that vacuum pretreatment 
of PEI-impregnated PTMSP at room temperature appeared to improve the CO2 and CO2+water vapor 
sorption capacity. Nevertheless, we were not able to reproduce the high CO2 uptake levels (greater than or 
equal to 11 wt%) that have been reported for PEI in the literature [Xu et al., 2002]. 

7.3.4.2 Pebax Based Membranes 
Enhancing the acid-gas selectivity of reverse-selective polymers continued with a study using 

Pebax® (tradename for a commercial polyethylene-polyamide block copolymer; Arkema, Inc., King of 
Prussia, PA). Pebax has a reported ideal CO2/H2 selectivity near 10. Pebax films containing various 
loadings of the additive 3-methyl sulfolene were prepared by solution-casting Pebax solutions doped with 
this additive. Pebax films were also filled with nanoscale fumed silica particles of hydrophobic Cab-O-
Sil® TS-530 were also prepared by a similar method because it had been previously reported that addition 
of silica nanoparticles into a suitable polymer matrix could result in more gas-permeable, more reverse-
selective membrane structures [Merkel, et al., 2002]. PEI-impregnated Pebax membrane films were also 
prepared and tested. The CO2/H2 separation properties of the filled Pebax films were determined in pure- 
and mixed-gas permeation screening studies. 

Table 7-23 report the permeation properties of Pebax filled with the various acid gas-philic 
additives compared to those of pure (unfilled) Pebax. Initially, it was thought that the additive 
concentration of the 3-methyl sulfolene may have been too low to have any effect on the properties of the 
host Pebax polymer. Hence, a Pebax film with higher additive content (30 wt%) was also prepared, and 
preliminary data also showed no clear effect on permeation properties relative to those in the unfilled 
polymer. However, this could be attributed to the sulfolene additive, which has a melting point of 64 °C, 
being blended into a very hot polymer solution at 80-90 °C and, thus, may have been thermally degraded 
or chemically altered during membrane preparation. Unfortunately, as noted in Table 7-23, the fumed-
silica-filled Pebax film possessed weak mechanical properties and failed during permeation testing. 

Table 7-23 also includes the results from the Pebax/PEI blend films that displayed a clear trend of 
decreasing gas permeability and decreasing CO2/H2 selectivity (i.e., increasing size selectivity for H2 over 
CO2) with increasing PEI content. This result suggested that any enhancement in CO2/H2 solubility 
selectivity afforded by the PEI domains was more than offset by the increase in diffusivity selectivity due 
to PEI addition. The situation was less clear for Pebax blended with the PEI-PEO copolymer. The 
incorporation of PEI-PEO copolymer at the low concentration of 22 wt% appeared to reduce both gas 
permeability and CO2/H2 selectivity in a manner similar to pure PEI addition. At the higher 40 wt% PEI-
PEO copolymer content in Pebax, the H2 permeability increased to a value somewhat higher than that of 
pure Pebax. However, before the CO2 permeability could be measured, this blend sample became 
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defective upon exposure to CO2. Examination of the sample indicated that, because of its much higher 
ether content, CO2 had softened the blend film to the point where the film’s mechanical strength was lost. 
On the basis of these results, blending Pebax with either PEI or PEI-PEO copolymer most probably does 
not improve acid-gas separation properties beyond that of either Pebax or PEO alone. 

Table 7-23. Pure- and Mixed-Gas CO2 and H2 Permeation Properties of Rubbery Pebax Unfilled 
and Filled with Various Additives 

Filler/polymer system 

Pure-gas permeability (barrer) CO2/H2 selectivity 

H2 CO2 Pure-gas Mixed-gas 
Pebax (unfilled) 6.8 57 8.4 8.4 
10 wt% 3-methyl sulfolene in Pebax 
30 wt% 3-methyl sulfolene in Pebax 

6.8 
7.3 

62 
62 

9.1 
8.5 

8.0 
ND 

22 wt% PEI in Pebax  
40 wt% PEI in Pebax  

2.8 
2.4 

21 
15 

7.5 
6.2 

ND 
ND 

22 wt% PEI-PEO copolymer in Pebax 
40 wt% PEI-PEO copolymer in Pebax 

4.9 
7.4 

35 
(Failed) 

7.1 
— 

ND 
— 

20 wt% hydrophobic Cab-O-Sil TS-530 fumed 
silica in Pebax 

(Failed) — — — 

1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
ND º Not determined 
PEI = Polyethylenimine 
Pure-gas test conditions: 50 psig upstream pressure; ~0 psia downstream pressure (He sweep used); 21 °C 
Mixed-gas test conditions: Binary feed of 25.2% CO2 and 74.8% H2; 50 psig upstream pressure; ~0 psia downstream 

pressure (He sweep used); <1 % stage-cut; 21 °C 

7.3.4.3 Poly(vinyl alcohol) [PVA] Based Membranes 
A CO2-selective facilitated transport membrane was also prepared at RTI to try a novel approach 

reported by Dr. Winston Ho at Ohio State University [Ho, 2004]. Polymer electrolyte poly(vinyl alcohol) 
[PVA] membranes doped with 40-60 wt% monoethanolamine [MEA] were made by double-coating a 
MEA-containing PVA solution onto disks of porous glass support. After drying, the CO2 and H2 
permeation properties of the membranes were first tested with pure gases (H2, CO2) to determine no 
membrane defects existed. Defect-free PVA-MEA samples were then evaluated with a 
water-vapor-saturated feed mixture of 25% CO2/75% H2 in the presence of a water-vapor-saturated 
permeate-side He sweep stream and with an H2S-containing syngas mixture. 

The CO2-selective facilitated transport membrane of poly(vinyl alcohol) [PVA] doped with 
40-60 wt% monoethanolamine [MEA] carrier displayed a mixture CO2/H2 selectivity of about 7 when it 
was characterized at 52 °C with a moist 25% CO2/75% H2 feed in the previous period. This CO2/H2 
selectivity value is fairly good for an initial attempt and is comparable to that seen in some of the 
MEDAL copolymers developed in this program. This MEA-containing PVA membrane was therefore 
further evaluated at 50 °C with a syngas mixture containing H2S as well as CO2. After H2S exposure, the 
membrane was retested with the binary CO2/H2 mixture to check stability. 

As summarized in Table 7-24, the PVA membrane loaded with 40-60 wt% MEA had a H2S/H2 
selectivity of 12, which is much lower than the value of ~30-40 obtained for some MEDAL copolymers. 
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Moreover, in the presence of 1% H2S in the syngas feed, the CO2/H2 selectivity of this membrane dropped 
from ~7 to only 4.4, while its gas flux decreased by 70-80% relative to the first data set obtained with the 
H2S-free feed mixture. Retesting with the binary CO2/H2 mixture confirmed that the membrane properties 
had deteriorated after H2S exposure to the lower selectivity and flux values. For example, the CO2/H2 
selectivity was no longer 7 but remained at the lower value of 4.2-4.6. This behavior suggests that this 
MEA-containing PVA membrane is sensitive to deactivation (poisoning) by sulfur compounds such as 
H2S and, hence, has issues with stability. This facilitated membrane approach was not be pursued further 
in this program. 

Table 7-24. Acid Gas Separation Properties of Poly(vinyl alcohol) [PVA] Electrolyte Membrane 
Doped with 40-60 wt% Monoethanolamine [MEA]a at 50-52 °C 

Feed mixture 
Humidified gas stream?b 

Pressure-normalized mixture 
gas fluxc 

[× 10-7 cm3(STP)/(cm2·s·cmHg)] Mixture selectivity 
Feed Permeate (Sweep) CO H2 CO2 H2S CO2/H2 H2S/H2 

Binary CO2/H2
d 

Four-component 
syngase 

Binary CO2/H2
d 

Binary CO2/H2
d 

(repeat of first) 

Yes 
Yes 

 
Yes 
Yes 

 

Yes 
No 

 
No 
Yes 

 

— 
0.23

 
— 
— 
 

1.7 
0.50 

 
0.53 
0.79 

 

12 
2.2 

 
2.2 
3.6 

 

— 
5.9 

 
— 
— 
 

7.0 
4.4 

 
4.2 
4.6 

 

— 
12 
 

— 
— 
 

Feed pressure = 50 psig; Permeate pressure = 0 psig; Downstream He sweep used. 
a Membranes were made by double-coating a MEA-containing PVA solution onto porous glass support and dried. Experiments 

were performed in the order listed in the table. 
b Gas stream was humidified by bubbling the gas through liquid water in a bubbler setup on the feed and/or sweep side to 

essentially saturate the gas with water vapor. Feed-side bubbler was operated at experimental temperature of 50-52 °C. 
Sweep-side bubbler was operated at room temperature. 

c Gas fluxes were calculated on a dry basis. 
d Binary CO2/H2 mixture composition: 25% CO2 in H2. 
e Four-component syngas composition: 1.02% H2S, 13.0% CO2, 35.95 H2, Balance CO. 
 
 

7.3.4.4 Fluoropolymer Based Membranes 
Additionally, to better understand CO2 and H2S transport properties in polymer membranes for 

syngas purification/conditioning, acid-gas permeation and sorption studies were performed on two classes 
of materials: fluorinated polymers and non-fluorinated polymers. For each class of polymer (fluorinated 
or non-fluorinated), a representative rubber, high-free-volume glass, and conventional-free-volume glass 
were selected. This sampling of polymers allowed an investigation of the impact of polymer structure on 
CO2 and H2S transport properties. A summary of the polymers studied is provided in Table 7-25. 

The non-fluorinated polymers studied were rubbery, cross-linked poly(dimethylsiloxane) 
[PDMS], high-free-volume, glassy PTMSP, and two conventional-free-volume glasses, polycarbonate 
(PC) and polysulfone (PSf). Filler-free, 200-µm-thick PDMS films were prepared from an isooctane 
solution of 40 wt % Dehesive® 940A silicone (Wacker Chemical Corporation, Adrian, MI) containing the 
manufacturer’s proprietary cross-linker/catalyst system. PTMSP polymer was kindly supplied by Dr. J. J. 
Burke of Permea, Inc. (St. Louis, MO). PTMSP films were cast from a 2 wt % toluene solution. PC films 
were supplied by Dr. Benny Freeman’s polymer laboratory at UT. PSf polymer (Aldrich Chemical 
Company, Milwaukee, WI) was cast into a film from a 4 wt % tetrahydrofuran solution. 
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Table 7-25. Chemical Structure and Relevant Properties of Polymers Studied 

Polymer Chemical structure 
Density 
(g/cm3) 

Tg 
(°C) FFVa 

Rubbery polymers 

PDMS Si

CH3

CH3

O
n

 

1.0 –128 0.18 

TFE/PMVE49 
CF2 CF CF2

OCF3

CF2
0.49 0.51 

2.0 –8 0.22 

High-free-volume, glassy polymers 

PTMSP 
C C

SiH3C

CH3

CH3

CH3

n

 

0.75 >250 0.28 

Teflon® AF 
2400c 

OO

F3C CF3

F F

C

F

F

C

F

Fx 1-x 

1.74 240 0.32 

Conventional-free-volume, glassy polymers 

PC C

CH3

CH3

O C O

O

n

 

1.1 150 0.16 

PSf O C

CH3

CH3

O S

O

O
n

 

1.24 190 0.14 

Cytop 
CF

O
CF2

CF2

CF
CF2

CF2CF2 y

z n

x

 

2.03 108 0.21 

a FFV values computed from polymer density and group contribution methods [van Krevelen, 1990]. 
b N2 permeability values at room temperature. 
c In the chemical formula, x = 0.87 for Teflon AF 2400 and x = 0.65 for Teflon AF 1600. 
 

The fluorinated polymers studied for H2S sorption and transport were two rubbery 
perfluoroelastomers designated as TFE/PMVE49 and TFE/PMVE/8CNVE, two high-free-volume, glassy 
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polymers with the trade name Teflon AF, and a conventional-free-volume, perfluorinated glassy polymer 
with the trade name Cytop. Rubbery TFE/PMVE49 and TFE/PMVE/8CNVE are random copolymers of 
tetrafluoroethylene (TFE) and perfluoromethyl vinyl ether (PMVE) and were kindly supplied by Dupont 
Dow Elastomers, L.L.C. (Wilmington, DE). On a mole basis, TFE/PMVE49 is composed of 50.7% TFE 
and 49.3% PMVE, while TFE/PMVE/8CNVE consists of 47.5% TFE, 51.8% PMVE, and 0.7% 
perfluoro-8-cyano-5-methyl-3,6-dioxa-1-octene (8CNVE). Isotropic films of these materials were 
prepared by solution-casting from 2 wt % polymer solutions in PF-5060, a perfluorinated solvent supplied 
by 3M (St. Paul, MN). The cast films were dried at ambient conditions. Teflon AF 1600 and Teflon AF 
2400 (DuPont, Wilmington, DE), the two grades of high-free-volume, fluorinated glasses examined, are 
random copolymers of TFE and 2,2-bis(trifluoromethyl)-4,5-difluoro-1,3-dioxole (PDD). Teflon AF 1600 
is composed of 35 mol % TFE and 65 mol % PDD; Teflon AF 2400 is 13 mol % TFE and 87 mol % 
PDD. These films were also solution-cast from PF-5060 solutions. Conventional-free- volume, glassy 
Cytop was purchased from Asahi Glass Company (Tokyo, Japan). A film of this amorphous, 
perfluorinated polymer was solution-cast from PF-5060. 

Figure 7-19 presents CO2 and H2S sorption isotherms in TFE/PMVE49 and PDMS, a fluorinated 
and non-fluorinated rubber, respectively. In both polymers, the sorption isotherms were linear or slightly 
convex to the pressure axis, behavior that is typical for gas sorption in rubbers. In PDMS, H2S is 
substantially more soluble than CO2 (Figure 7-19a). For instance, at 80 psia, PDMS sorbed almost 4 times 
as much H2S as it did CO2 (33 versus 8.5 cm3(STP)/cm3). In contrast, at the same pressure, TFE/PMVE49 
sorbed more CO2 (6.7 cm3(STP)/cm3) than H2S (4.8 cm3(STP)/cm3) (Figure 7-19b). This result for the 
fluoropolymer is quite unusual because it is well known that solubility typically increases with gas critical 
temperature, and H2S (373.2 K) has a higher TC than CO2 (304.1 K). 

In Figure 7-20, various gas permeability coefficients in perfluorinated Cytop are plotted as a 
function of gas partial pressure difference. The relative permeability of H2S in this glassy fluoropolymer 
is very different from that observed in rubbery PDMS. In Cytop, H2S was much less permeable than CO2, 
H2, or N2. Consequently, Cytop exhibited a very high CO2/H2S selectivity ranging from 20-27, depending 
on pressure. This result is partly due to (i) H2S being larger than the light gases and (ii) Cytop being a 
size-sieving, glassy polymer in which relative permeability is governed by diffusion selectivity. 

A useful comparison is to contrast the permeation properties of Cytop with those of a 
non-fluorinated, conventional-free-volume glass such as PC. In Figure 7-21, the gas permeability 
coefficients in glassy PC are shown as a function of gas partial pressure difference. The H2 and CO2 
permeabilities measured for PC in our study are similar to values reported by previous researchers. For 
example, at the slightly higher temperature of 25 °C, Norton measured pure-gas permeabilities of 12 
barrers for H2 and 8.0 barrers for CO2 in Lexan PC [Norton 1963]. These literature values compared 
favorably with our low-pressure, mixed-gas H2 and CO2 permeabilities of 10 and 6.9 barrers for H2 and 
CO2, respectively.  
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Figure 7-19. CO2 and H2S sorption isotherms in two rubbery polymers at 21 °C: (a) non-fluorinated 
PDMS and (b) fluorinated TFE/PMVE49. 

 
Like Cytop, PC is a conventional- 

free-volume, size-sieving polymer in which 
relative permeability is largely determined by 
diffusivity selectivity. Consequently, smaller CO2 
is more permeable than larger H2S in PC. 
However, the difference in the permeabilities of 
these two gases is much smaller in PC than in 
Cytop. For example, at infinite dilution (i.e., Δpi 
= 0), PC has a CO2/H2S selectivity of only 4.5, 
while Cytop shows a substantially higher 
selectivity of 30. Furthermore, the difference in 
CO2/H2S selectivity of these two polymers 
becomes even greater at higher H2S partial 
pressures because H2S permeability exhibits 
much stronger pressure dependence in PC than in 
Cytop. For example, over a similar H2S partial 
pressure range, H2S permeability increased by 
200% in PC Figure 7-21) but increased by only 
28% in Cytop (Figure 7-20). The large H2S 
permeability rise in PC suggests that this 
non-fluorinated, glassy polymer is strongly 
plasticized by H2S. Plasticization of glassy 
polymers is a phenomenon whereby highly 
sorbing species cause polymer swelling that  
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typically increases polymer free volume and polymer 
chain mobility. Thus, sorption-induced plasticization 
increases gas diffusion coefficients and, in turn, 
permeability coefficients. 

Further evidence of H2S-sorption-induced 
plasticization of PC is the high mixed-gas 
permeability coefficients measured for N2 during its 
co-permeation with H2S. At an H2S partial pressure 
of 17.4 psia with the 15% H2S in nitrogen mixture, 
PC has a mixed-gas N2 permeability of 2.1 barrers, 
which is 7 times higher than its measured pure-gas 
N2 permeability of 0.29 barrers (Figure 7-21). In 
contrast, for Cytop, the mixed-gas N2 permeability 
measured during co-permeation with H2S is 
essentially the same as the pure-gas value 
(Figure 7-20). This result suggests that low H2S 
sorption in Cytop renders this perfluorinated polymer 
resistant to plasticization by H2S, whereas 
non-fluorinated PC exhibits evidence of strong 
sorption-induced plasticization. 

To highlight the unusual nature of the 
CO2/H2S selectivity exhibited by fluorinated 
materials, Table 7-26 compares the CO2 and H2S 
permeation properties measured for several 
fluorinated and non-fluorinated polymers. For non-fluorinated, rubbery polymers (PDMS and Pebax,) and 
a non-fluorinated, high-free-volume glass (PTMSP), H2S is more permeable than CO2. The 
non-fluorinated, conventional- free-volume, glassy polymers exhibit mixed behavior, with some glasses 
(PC, PSf, and cellulose acetate) being slightly CO2-selective and one (Nylon 6) being more permeable to 
H2S. In contrast, all of the fluorinated polymers examined (a rubber as well as high- and 
conventional-free-volume glasses) are more permeable to CO2 than to H2S. According to the data in Table 
7-26, CO2/H2S selectivity increases with decreasing fluoropolymer permeability. For example, at the test 
conditions examined, the CO2/H2S selectivity is as high as 27 for Cytop (CO2 permeability ~ 17 barrers) 
and only 5.6 for Teflon AF 2400 (CO2 permeability ~ 2,300 barrers).  
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Figure 7-21. Gas permeability coefficients 

in PC at 21 °C as a function of 
gas partial pressure 
difference. Solid symbols 
represent mixed- gas data 
obtained with a 15% H2S in 
nitrogen mixture. Open 
symbols are data collected 
with a syngas mixture 
containing 0.7% H2S, 11.7% 
CO2, 36.5% CO, and balance 
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Table 7-26. Mixed-Gas CO2 Permeability and CO2/H2S Selectivity for 
Various Non-Fluorinated and Fluorinated Polymers 

Polymer 
CO2 permeability 

(barrer) 
CO2/H2S 

selectivity 
Non-fluorinated polymers 

PTMSP 
PDMS 
Pebax 1657 
Pebax 1074 
PC 
PSf 
Cellulose acetated 

Nylon 6f 

 
18,000a 
4,400b 

69c 
122c 
6.5b 
3.8c 
2.4 e 
0.088 

 
0.85 
0.66 
0.27 
0.22 
4.3 
3.9 
1.2 
0.26 

Fluorinated polymers 
Cytop 
TFE/PMVE/8CNVE 
Teflon AF 1600 
Teflon AF 2400 

 
17g 
28g 

680a 
2,300a 

 
27 
8.0 
6.8 
5.6 

a Feed gas mixture: 1.5% H2S, 10.5% CO2, 46% CO, and balance H2; T = 23 °C; Δp = 
20 psig. 

b Feed gas mixture: 0.7% H2S, 11.7% CO2, 36.5% CO, and balance H2; T = 21 °C; Δp 
= 100 psig. 

c Same feed mixture as footnote (b) but Δp = 190 psig. 
d [Chatterjee et al, 1997]. 
e T = 35 °C; Δp = 147 psig. 
f [Heilman et al, 1956]. 
g CO2 permeability was measured with mixture of 0.7% H2S, 11.7% CO2, 36.5% CO, 

and balance H2, but H2S permeability was too low to be measured with this feed 
composition. H2S permeability was obtained using a binary 15% H2S in nitrogen 
mixture. Experiments were conducted at T = 21 °C and Δp = 100 psig. 

This selectivity trend in the fluoropolymers is attributed to the following two factors: 

1. A lower-permeability polymer tends to be more size-sieving and, hence, will favor the 
transport of smaller CO2 over that of larger H2S. Consequently, Cytop, the least permeable 
fluoropolymer investigated, will have the highest CO2/H2S diffusion selectivity. 

2. A lower-permeability polymer typically has less free volume and, hence, higher density than 
a higher-permeability material. In a denser fluoropolymer structure, any unfavorable 
chemical interaction between H2S and the fluorinated matrix will be amplified because the 
penetrant and polymer would be forced into more intimate contact. As a result, H2S solubility 
will be suppressed to a greater extent in a fluoropolymer with lower free volume (e.g., Cytop) 
than one with a higher free volume (e.g., Teflon AF 2400), yielding higher CO2/H2S 
solubility selectivity in the lower-free-volume material. 

Figure 7-22 presents the data of Table 7-26 in the form of a selectivity–permeability tradeoff plot 
of the type popularized by Robeson [Robeson, 1991]. For size-selective separations, these plots typically 
show that, as the permeability of polymer membranes increases, their size selectivity decreases and vice 
versa. Ideally, for separation applications, polymers with both high permeability and high selectivity are 
desired. Graphically, this desirable combination of transport properties corresponds to the upper right 
hand quadrant of a tradeoff plot. Polymers with properties that fall closest to this region are termed “upper 
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7-50 

bound” materials. Figure 7-22 shows that 
fluoropolymers are clearly the upper bound 
materials for CO2/H2S membrane separations. 

Based on the data in Table 7-26, 
high-free-volume Teflon AF 2400 coupled with the 
unfavorable interaction of H2S with the fluorinated 
matrix eliminates the usual H2S solubility 
advantage. In fact, CO2 both sorbs more and 
diffuses faster than H2S in this fluoropolymer. 
Consequently, Teflon AF 2400 is significantly more 
permeable to CO2 than to H2S. For the two 
conventional-free-volume polymers, Cytop and PC, 
the CO2/H2S diffusivity selectivities are relatively 
high due to the stronger size-discriminating nature 
of these materials. For non-fluorinated PC, high 
H2S solubility detracts from the overall CO2/H2S 
permeability selectivity, resulting in PC having 
lower CO2/H2S permeability selectivity than weakly 
size-sieving Teflon AF 2400. In contrast, both solubility selectivity and diffusivity selectivity favor CO2 
in fluorinated Cytop, resulting in the highest overall CO2/H2S permeability selectivity of the materials 
studied. The fluorinated polymer research completed during this project briefly described here was 
published in an article titled Comparison of Hydrogen Sulfide Transport Properties in Fluorinated and 
Nonfluorinated Polymers in the journal Macromolecules. This article is included in Appendix B. 

7.3.5 Flat-Sheet Pebax Composite Membrane 

A batch of flat-sheet composite membrane was made from Pebax by MTR. RTI cut and evaluated 
stamps of this composite membrane at 20 °C at a feed pressure from 50 psig up to 300 or 900 psig with 
pure gases (N2, O2, He, H2, CO, CH4, and CO2). The membrane gave good pure-gas permeation 
properties, for example, exhibiting a pure CO2/H2 selectivity of 11-15 and a pure CO2 permeance of 
280-410 cm3(STP)/(cm2·s·cmHg) under the indicated test conditions, as seen in Figures 7-23 and 7-24.  

To obtain baseline data for comparison with the field-test module data to be collected, 
H2S-containing syngas mixture tests were completed on samples of the MTR Pebax composite membrane 
that will be made into field-test modules. The Pebax composite membrane was evaluated at 21 °C over a 
feed pressure range of 50-275 psig with a binary 24% CO2 in H2 mixture and two syngas mixture 
compositions: (i) 1% H2S, 13% CO2, 36% H2, and balance CO and (ii) 0.1% COS, 1% H2S,12.5% CO2, 
7% H2, and balance CO. Results from the binary CO2 in H2 screening are seen in Figure 7-25. Figure 7-26 
illustrates the Pebax permeance performance as a function of partial pressure of the feed gas and the 
relationship of feed pressure to the selectivity, respectively. For both mixtures under the indicated 
conditions, the Pebax composite membrane showed mixed-gas permeances of 140-180 GPU for CO2 and 
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380-550 GPU for H2S. [1 GPU equals 10-6 cm3(STP)/(cm2·s·cmHg).] The mixed-gas COS permeance 
obtained with the second mixture was 200-230 GPU. The measured mixture selectivities were 5.9-6.6 for 
CO2/H2, 16-20 for H2S/H2, and 7.5-7.9 for COS/H2. 
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Figure 7-23. Pebax pure-gas permeances as a function of feed 

pressure. Experimental conditions described above. 
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Figure 7-24. Pebax pure-gas selectivities as a function of feed pressure. Experimental conditions 
described above. 
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Figure 7-25. Pebax 2-component mixture permeance and selectivity as a 

function of feed pressure. The Pebax composite membrane 
was evaluated at 21 °C over a feed pressure range of 50-275 
psig with a mixture composition of 24% CO2 in a balance of H2. 
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Figure 7-26. Pebax 4-component mixture (a) permeance and (b) separation performance as a 
function of feed –gas partial pressure. The Pebax composite membrane was 
evaluated at 21 °C over a feed pressure range of 50-275 psig with a syngas mixture 
composition: 1% H2S, 13% CO2, 36% H2, and balance CO. 
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The mixture CO2/H2 and H2S/H2 selectivity values of the Pebax composite membrane were lower 
than anticipated. For example, the mixed-gas CO2/H2 selectivity is significantly lower than the pure-gas 
(ideal) CO2/H2 selectivity of 11-15 measured previously. Moreover, under mixed-gas conditions, MTR 
had expected the Pebax membrane to have a CO2/H2 selectivity of ~8 and an H2S/H2 selectivity of ~30. 
Despite its modest syngas mixture selectivities, though, Pebax is robust and can be made successfully into 
a thin-film composite membrane structure. Thus, Pebax in the end was selected as one of the candidate 
reverse-selective polymers to produce into membrane modules or field testing. 

7.3.6 Membrane Material Comparisons 

Over the course of this project, many different polymer materials were developed, characterized, 
and tested for their syngas permeation properties. Comparisons of the materials evaluated are summarized 
here. MEDAL’s overall goal was the development of a higher-temperature acid-gas-selective material. 
Therefore, a temperature analysis of the materials developed by MEDAL was completed to evaluate the 
selectivity performance as a function of temperature. 

Figure 7-27 compare the temperature dependence of the mixture CO2/H2 and H2S/H2 selectivities 
for XL-PEO (3) to those for a PDMS standard and the proprietary MEDAL copolymers evaluated 
throughout this project for acid-gas separation performance. These plots indicate that, of the materials 
tested at higher temperatures, PEG-co-PEs and XL-PEO (3) are among the polymers having the better 
acid-gas/H2 selectivities at higher-temperature operation. However, Figure 7-27 illustrates that the acid-
gas/H2 selectivity of these materials decrease with increasing temperature. For XL-PEO (3), the CO2/H2 
selectivity decreases from 6.7 at 22 °C to 2.1 at 126 °C. Over this same range of temperature increase, the 
H2S/H2 selectivity falls from 31 to 6.9. Long-term stability of the separation properties of XL-PEO (3) as 
well as of any membrane materials selected for acid-gas removal from syngas would definitely need to be 
further examined in the future. 
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Figure 7-27. Effect of temperature on mixed-gas (a) CO2/H2 and (b) H2S/H2 selectivity of polymer 
materials developed by MEDAL during this project. The XL-PEO (3) film [Sample #10-
15C1], PEG-co-PU, and PEG-co-PES are compared to data for a PDMS standard and 
the MEDAL copolymers (001-024) tested previously are also shown. 
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The acid-gas separation properties of the materials developed in this project are summarized in 
Figure 7-28 and Table 7-27, including the comparison of the novel MEDAL block copolymers, polyether-
polyurea, polyether-polyamide, and polyether-polystyrene to MEDAL’s XL-PEO (3) as well as UT’s 
XL-PEO (1) and XL-PEO (2). In the permeability–selectivity tradeoff plots seen in Figure 7-28, optimum 
new membrane materials are found in the upper right hand quadrant (i.e., desirable materials should have 
both high permeability and high selectivity for the preferentially permeated component). Ideally, 
improved novel membrane materials should also fall above the upper-bound line of current state-of-the-
art materials. XL-PEO (3) lies close to the upper bound in Figure 7-28, making it a good candidate for 
development into composite membranes for module incorporation. Relative to that of XL-PEO (1) and 
XL-PEO (2), though, the performance of XL-PEO (3) falls between the first two earlier XL-PEO 
generations. XL-PEO (3) is substantially more permeable than XL-PEO (1) but a little less permeable 
than XL-PEO (2). Its mixture CO2/H2 and H2S/H2 selectivities are similar to those of XL-PEO (1) and 
lower than those of XL-PEO (2). The novel MEDAL block copolymers also illustrated interesting 
separation properties. The PEG-co-PA material lies above the upper bound line for both CO2/H2 and 
H2S/H2 selectivities. The PEG-co-PEs performance at 35 °C is similar to the room-temperature 
performance of XL-PEO (3), being right on top of the upper bound line in Figure 7-28. It is also believed 
that, relative to XL-PEO (3), the polyether-polyurea copolymer had the advantages of being easy to scale 
up and to spin into hollow fibers that can be packaged into a membrane module, with minimum changes 
to MEDAL’s existing membrane manufacturing technology. 

Table 7-27 presents the acid gas separation properties for the MEDAL and UT polymer materials 
as well as two Pebax samples, one that is a dense film and the other an MTR composite membrane form. 
The selectivities of the Pebax composite film are comparable to the other polymer materials studied in 
this project. This material was chosen because MTR had capabilities of making the composite structure 
into a spiral wound membrane module for evaluation in the 500 hr field test. 
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Figure 7-28. Mixture permeability–selectivity tradeoff plots at room 
temperature: (a) H2S/H2 selectivity vs. H2S permeability 
and (b) CO2/H2 selectivity vs. CO2 permeability. Color 
points – New ether-containing polymers studied as 
dense films in this project; Mixture results. Black points 
– Conventional polymers reported in literature; Mostly 
pure-gas data. 
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Table 7-27. Acid Gas Separation Properties for Selected Polymer Materials Studied 

Polymer 

Mixture gas permeability (barrer) / 
permeancea (GPU) Mixture selectivity 

CO2 H2S CO2/H2 H2S/H2 
PDMSb 3,400 5,100 3.6 5.4 
  
PEG-co-PU  

MEDAL 016c 
MEDAL 018c 
MEDAL 023  
MEDAL #11-7-A 

 
115 
115 
270 
120 

 
820 
650 

1,060 
520 

 
4.6 
6.4 
5.6 
4.1 

 
33 
36 
22 
18 

  
PEG-co-PEs 

MEDAL E101137-7-4A-SC 
 
 
MEDAL E101137-7-5 

 
15d  

62 (35 °C) 
330 (51 °C) 

45d  
220 (35 °C) 
310 (51 °C) 

 
-  

260 (35 °C) 
1,400 (51 °C) 

-  
260 (35 °C) 

1,400 (51 °C) 

 
5.8d  
6.9 
7.2  
9.0d  
8.5 
6.9 

 
-  

29  
30  
- 

38 
31 

  
PEG-co-PA 

MEDAL E103137-7-2 
 

51 
 

280 
 

8.4 
 

46 
  
SR-co-PEG 

4-14-1c 
 

440 
 

1550 
 

5.3 
 

19 
  
XL-PEO (1) [PEGA/PEGDA] 
XL-PEO (2) [PEGMEA/PEGDA] 
XL-PEO (3) [BPAE15 monomer] 

97 
360 
275 

510 
2,500 
1,270 

6.5 
7.2 
6.7 

34 
50 
31 

  
Pebax dense film 
Pebax Composite Membrane (MTR) 

58 
170a 

280 
530a 

6.4 
6.5 

31 
20 

1 barrer = 10-10 cm3(STP)·cm/(cm2·s·cmHg). 
PDMS = Poly(dimethylsiloxane); PEG-co-PU = Polyether-co-polyurea; PEG-co-PEs = Polyether-co-polyester; PEG-co-PA = 

Polyether-co-polyamide; PEGA = Poly(ethylene glycol) acrylate; PEGDA = Poly(ethylene glycol) diacrylate; PEGMEA = 
Poly(ethylene glycol) methyl ether acrylate; BPAE15 = Poly(ethylene glycol) dimethacrylate w/ bisphenol center. 

Except where indicated, the conditions included a 4-component simulated syngas 1.0% H2S, 35.9% H2, and 13.0 % CO2 in CO feed 
mixture; Feed pressure = 100 psig; Permeate pressure = 0 psig; T = 23 °C.  

a All samples are reported as permeabilities (barrers) except the Pebax Composite Membrane tested at RTI which are reported as 
permeance (GPU). 

b 20 psig upstream pressure. 
c 200 psig upstream pressure. 
d Pure-gas data. 

7.4 Field Test 
7.4.1 Membrane Modules  

Because of problems with producing viable reverse-selective membrane hollow fibers by using 
MEDAL’s fiber fabrication technologies (see Section 7.3.2), RTI contracted the vendor Membrane 
Technology & Research, Inc. (MTR) to fabricate a pilot-scale composite membrane structure and 
membrane modules from polymers identified in this project. MTR’s membrane fabrication technology is 
based on flat-sheet composite membrane and spiral-wound membrane technologies, rather than hollow-
fiber-based technology. Flat composite membranes were produced by a continuous dip-coating process in 
which the reverse-selective layer was deposited from a dilute polymer solution onto a pre-made flat-sheet 
microporous support [e.g., polyetherimide]. The coated membrane was then passed through a drying oven 
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to evaporate the solvent in the liquid coating layer and leave behind a thin, dense layer of the reverse-
selective polymer. Spiral-wound membrane modules were produced by winding the flat-sheet composite 
membranes around a center permeate collection pipe. Spiral-wound modules fabricated by MTR from the 
candidate reverse-selective polymers were ultimately used for the field test with real syngas. 

7.4.2 Membrane Field-Test Skid 

The fabrication of a membrane skid for field-testing had three phases: process design, equipment 
procurement, and construction. A block flow diagram of the RTI membrane test skid design is presented 
in Figure 7-29. The process design was ongoing throughout the construction of the skid to stay on top of 
any issues that arose when building the test skid. The design engineering utilized AutoCad to create the 
basic P&ID for the skid. The skid had a syngas feed pretreatment section to cool the hot, wet syngas from 
the gasifier, remove the resulting condensed water, and reheat the cooled syngas feed to the desired 
membrane separation process temperature range of 20-50°C. The hot syngas was cooled by using cooling 
water available at the field-test site. The second part of the skid was the membrane permeator section, 
which comprised the bulk of the membrane separation process and included all flow, temperature, and 
pressure components. The heart of this permeator section was two membrane modules (M-200 and 
M-400) connected in series. A gas sampling system for the skid was also designed at RTI to measure 
process stream compositions, and proper sampling components and their installation at the field-test site 
were oversaw by RTI. After its completion and checkout, the membrane test skid was shipped to its test 
site at the Eastman gasification plant in Kingsport, TN, where a slipstream of real coal-derived syngas 
was made available for testing. 
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Figure 7-29. Block flow diagram of RTI’s membrane field-test skid. 

After finalization of the test skid P&ID, 3-D diagrams laying out the location of the plumbing and 
various skid components over a roughly 6 ft. × 6 ft. footprint area was prepared. These diagrams were 
very helpful for installing the equipment, plumbing lines, and other components in the required small skid 
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space. A separate steel support frame was designed to hold the two membrane module housings in 
vertical positions and was constructed from RTI’s design by a third-party fabrication company. This 
module housing support frame was then bolted to the overall skid platform. Likewise, an outside 
fabricator was used to construct the pressure vessels used to house the membrane modules. These 
pressure vessels were customized for housing MTR’s membrane modules and were built to MTR design 
specifications. 

Components (heat exchanger, coalescing sand bed, filters, water knockout pots, syngas feed 
reheater, etc.) in the feed pretreatment section of the skid were sized for the specific process. The two 
water knockout pots in the pretreatment section were fabricated from RTI’s design by an outside machine 
shop. 

Final design modifications were also made regarding control of temperature, flow, and pressure 
in the skid. After finalizing the operating ranges for these parameters, the selection, sizing, and ordering 
of appropriate flow and pressure control components (e.g., control valves, check valves, meters/gauges, 
etc.) and heating equipment were done. For measuring gas flow rates, three Micro Motion Coriolis 
flowmeters with suitable flow ranges and their corresponding flow transmitters were available in-house. 
Before using, these flowmeters were tested with nitrogen for proper operation, suitability, and accuracy. 
A fourth Micro Motion Coriolis flowmeter (plus flow transmitter) was ordered to complete the flow 
measurement needs of the skid. 

For controlling flow and pressure in the feed and residue lines, Badger Meter research control 
valves with appropriate orifice sizes were used. Gas pressure was measured at and relayed from multiple 
locations on the skid by using Ametek Model 88 pressure transmitters. For temperature sensing and 
control, surface-mount, bolt-on thermocouples and thermocouple probes were used. The bolt-on 
thermocouples monitored wall temperature of the process lines and the pressure housings containing the 
membrane modules. The thermocouple probes measured the actual process gas temperature. Additionally, 
two multi-sensing thermocouples were used to measure the permeate gas temperature profile along the 
entire length of the permeate product pipe in each spiral-wound membrane module. 

A gas sampling arrangement to measure gas stream compositions on the membrane skid was 
designed, and the gas sampling components needed were ordered. A Valco microelectrically actuated 
multiport valve was used to automatically switch between feed, residue, and permeate sampling lines to 
obtain the process gas compositions needed to compute membrane module separation performance. A gas 
chromatograph (GC) for the gas analysis was set up and calibrated by RTI in the analytical trailer at the 
Eastman field-test site. 

Skid construction began by first mounting the pressure housings into the steel support frame. The 
support frame was then positioned and bolted onto the overall skid platform. The low-pressure permeate 
section of the skid was built by installing the 1-inch permeate lines, the permeate-side back pressure 
regulator, and the two Micro Motion Coriolis flowmeters for measuring permeate flow rates. The 
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high-pressure feed section of the skid included plumbing of the M-200 residue/M-400 feed section and 
the M-400 residue, which consisted of installing the feed-side Micro Motion Coriolis flowmeter and a 
somewhat complex mounting of two flow control valves in parallel as well as the ½-inch feed line. The 
skid section for sampling the different process streams for compositional analysis was built by installing 
the sampling lines and mounting the panel of sampling regulators used to reduce the sampling line 
pressure to 15 psig. 

To allow for easy hookup of feed and vent gas lines at the Eastman test site, plumbing lines were 
run across the top length of the skid. Because the membrane skid shared skid platform space with the 
multicontaminant skid (Chapter 4) and overall skid space for two systems was very tight, the layout of 
these hookup lines was carefully designed and laid out to avoid potential conflicts with respect to the 
insulation space needed for the two skid units at the end of construction. After the overhead vent lines 
were mounted, the residue and permeate lines exiting the membrane modules were connected to these 
vent lines. Similarly, the inlet syngas and nitrogen lines to the membrane permeator section of the skid 
were connected to the appropriate overhead feed gas lines. 

After construction was completed, the entire membrane skid, including the pretreatment section, 
was leak- and pressure-tested up to 1,200 psig with nitrogen at ambient temperature. Leak-testing was 
performed by dead-ending the membrane skid system, pressurizing the system in four pressure steps (300, 
600, 900, and 1,200 psig), and checking all connections with Snoop® leak detection liquid at each 
pressure step. In this manner, all leaky connections were found and eliminated as much as possible by 
further tightening. Afterward, a longer, static high-pressure test was conducted by filling the entire 
membrane skid system with 1,200 psig nitrogen and leaving the system thus pressurized for 24 h. During 
this time period, system pressure decreased by ~160 psi. With the membrane skid volume estimated to be 
~75 L, this pressure loss corresponded to a 7-8 cm3/min leak rate at this system pressure. This leak rate 
was small enough to approve the membrane skid for high-pressure operation. 

Electrical wiring for power, control, and data acquisition, including all thermocouples, pressure 
gauges, and pressure transmitters, on the membrane skid was completed. Power was run from the master 
breaker box. All thermocouple wiring and loop power wiring for pressure transmitters and flowmeters 
were run. After leak- and pressure-testing activities were done, heat tracing was installed on the 
membrane skid and connected into the electrical enclosure box. Heat tracing and band heaters were 
connected to their respective power and input/output modules to complete temperature control wiring. 
Final electrical activities included finishing the wiring of the data input/output (I/O) modules, wiring the 
loop power enclosure to the main breaker, and labeling all wiring lines. The temperature, pressure, flow, 
and data acquisition control loops for skid operation were then programmed and tested for proper 
operation and control. The Lookout© process control software interface for the membrane skid was 
designed to provide a user-friendly operator screen. 

Using the temperature control loop, band heaters and heat tracing on the membrane skid were 
thermal-cycled several times between ambient temperature and up to 100-120 °C to ensure proper 
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functioning of these heating elements and the thermocouples. After the heating elements were tested, the 
membrane skid was insulated by a third-party insulation company. Nomaco K-Flex™ LS pipe insulation 
(3/4-inch thickness) was selected because its thermal conductivity is low enough to meet skid temperature 
requirements and it is flexible and easy to install. An external protective latex acrylic coating was applied 
over the K-Flex insulation, and two removable insulation sections were installed for easy access to the 
membrane modules. The insulated skid was then subjected to further thermal cycling tests to evaluate 
accuracy of and optimize the temperature control loop. 

Additionally, the membrane skid was flow-tested with nitrogen to verify proper 
functioning/configuration of flow control valves, flowmeters, and pressure transmitters. To check 
calibration of the Coriolis flowmeters, known N2 flow rates were sent to the skid by using a calibrated 
400-slpm mass flow controller. In this test, the skid was operated with the residue valve closed and the 
feed flow control valve fully open. The flowmeters gave flow rate values reasonably close to those 
expected on the basis of the known gas flows introduced. Next, the flow control valves were operated at 
different percentage open settings and N2 flow rates to check the accuracy of system flow and pressure 
control. This second set of tests was used to fine-tune the flow and pressure control loops. The tests 
demonstrated that gas flow and pressure in the skid could be easily controlled over a wide range of flow 
and pressure setpoints (e.g., 10-40 lbm/h flow range; 100-900 psig pressure range). After skid checkout 
was done, the membrane test skid was shipped to Eastman for installation and commissioning. 

7.4.3 Pure-Gas Permeation Properties of Membrane Modules 

After receiving the first two field-test Pebax membrane modules (#3920 and #3949) made by 
MTR, their pure-gas separation properties were measured to verify that the modules were still defect-free 
after shipping. Permeation tests of the Pebax membrane modules were completed with pure H2 and CO2 at 
25 psig feed pressure and room temperature. As summarized in Table 7-28, the CO2/H2 selectivity is 7.8 
for Module #3920 and 9.1 for Module #3949 at these test conditions. Before shipping, preliminary testing 
at MTR had demonstrated that the pure-gas CO2/H2 selectivity of these two modules was 9.4-10 at 100 
psig feed pressure. The post-shipping selectivity of Module #3949 is good, being consistent with the 
preliminary pre-shipping data. The post-shipping selectivity of Module #3920 is a little lower due to a 
~20% higher H2 permeance, but this module was still within the specifications of being essentially 
nondefective. 
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Table 7-28. Comparison of Post-Shipped (RTI Data) to Pre-Shipped (MTR Data) Pure-Gas 
Permeation Properties for MTR Spiral-Wound Pebax Composite Membrane Modules 
#3920 and #3949 

Membrane 
module no. 

Feed pressure 
(psig) 

Pure-gas permeance (GPU) Pure-gas selectivity 

N2 H2 CO2 H2/N2 CO2/N2 CO2/H2 
#3920 RTI data 

25 
53 

 
6.1 
— 

 
34 
— 

 
260 

220a 

 
5.6 
— 

 
43 
36 

 
7.8 
6.5 

MTR data 
100 
200 
900 

 
— 
5.0 
5.3 

 
26 
27 
— 

 
244b 
325 
— 

 
 

4.9-5.4 
 

 
46-49 
61-65 

— 

 
9.4 
12 
— 

#3949 RTI data 
25 

 
4.7c 

 
27 

 
245 

 
5.7 

 
52 

 
9.1 

MTR data 
100 
200 
900 

 
— 
4.9 
5.3 

 
28 
28 
— 

 
281b 
308 
— 

 
 

5.3-5.7 
 

 
53-57 
58-63 

— 

 
10 
11 
— 

1 GPU ≡ 1 × 10-6 cm3(STP)/(cm2·s·cmHg). 
T = 20-22 °C; Membrane area = 0.75 m2 = 7,500 cm2. 
Permeate pressure = 0 psig (unless noted otherwise). 
Measurements were obtained using bubble flowmeters, unless otherwise noted. 
a Obtained by converting the flow reading of air-calibrated rotameter to CO2 basis; Measured at ~4 psig permeate pressure. 
b Measured at ~12 psig permeate pressure. 
c Obtained at 23 psig feed pressure. 

The leak-tight fit of the high-pressure gasket seal between modules and pressure housings was 
next checked by determining the air separation performance of the module/housing combination with 
compressed air at low feed pressure (20 psig) at two stage-cut values. As shown in Table 7-29, the 
measured mixed-gas O2/N2 selectivity was 1.5-2.0 for Module #3920 and 2.5-2.6 for Module #3949. The 
small selectivity decline seen for both modules at the higher operating stage-cut is expected because more 
of the feed is forced to permeate the membrane, resulting in N2 dilution of the O2-enriched permeate. 
Relative to the pure-gas (ideal) O2/N2 selectivity of 2.7-2.8 obtained on a 13.8-cm2 Pebax composite 
membrane stamp at 20 °C and 50 psig feed pressure, the air selectivities of the modules are a little lower 
because the separation process is pressure-ratio-limited at only 20 psig feed pressure. However, even at 
this low pressure driving force for separation, the O2/N2 selectivity values of both modules are 
comparable to the expected pure-gas value. Therefore, the integrity of the high-pressure gasket seals is 
good for both modules and both pressure housings. Unfortunately, Module #3949 failed not much later 
after this testing and was replaced with a backup Pebax module (#4286). 

Table 7-29. Air Separation Properties Measured for MTR Spiral-Wound Pebax Membrane 
Modules #3920 and #3949 at 20 °C 

Membrane 
module No. Stage-cut (%) 

Mixed-gas permeance (GPU) Mixed-gas 
O2/N2 selectivity N2 O2 

#3920 1.7 
20 

6.5
7.2

13
11

2.0
1.5

#3949 1.5 
5.3 

4.3
4.8

11
12

2.6
2.5

1 GPU ≡ 1 × 10-6 cm3(STP)/(cm2·s·cmHg). 
Feed pressure = 20 psig; Permeate pressure = 0 psig; Effective membrane area = 0.75 m2. 
Compressed air composition of 21% O2/79% N2 was assumed for calculation purposes. 
Stage-cut (the fraction of the feed gas permeating the membrane) is defined as the ratio of permeate to feed flow rates.  
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After the two Pebax membrane modules were reloaded into the pressure housings mounted on the 
skid, their N2 permeance was measured as a function of feed pressure to reconfirm module integrity. The 
permeation properties were measured at a gas temperature of 35-40 °C with a feed flow rate of 30 lbm/h. 
The pressures measured were 300, 600, and 900 psig. The initial permeation checks illustrated a possible 
problem with the CMF010 flowmeter in the permeate line as the M200 membrane module had a slightly 
higher than expected permeation rate. Therefore, the CMF025 and CMF010 Coriolis flowmeters in the 
permeate line were zeroed according to procedures given in the instruction manual. The N2 permeance 
was then remeasured for each module individually as well as for both modules in series together. During 
this test, the gas temperature was 30–35 °C, and the feed flow rate was maintained at 30 lbm/h. The 
pressure was cycled from 300, 600, 900, and back down to 300 psig. The results of this testing, shown in 
Table 7-30, indicate that the modules were defect-free and stable at high pressure. 

Table 7-30. Permeation Properties of the Membrane Modules 

Membrane 
module No. 

Feed 
pressure 

(psig) 

Permeate 
pressure 

(psig) 

Single-module pure-gas 
permeance (GPU) Permeate 

pressure 
(psig) 

Dual-module pure-gas 
permeance (GPU) 

N2 N2 
4286 300 

600 
900 
300 

9 
30 
42 
0 

6.4 
7.3 
8.1 
7.0 

27 
31 
48 
27 

6.8 
7.3 
7.9 
6.8 

3920 300 
600 
900 
300 

10 
30 
41 
10 

6.5 
6.6 
6.8 
5.7 

27 
31 
48 
27 

6.9 
6.6 
6.6 
6.9 

A fourth polymer composite membrane module was also prepared by MTR for the field test. This 
module (#4018) was constructed using the new XL-PEO material developed in this project and code-
named “Polaris”. After installation of the Polaris membrane module at the field-test site, the N2 
permeance was evaluated during the start up procedure. At a pressure of 298 psig, the N2 permeance was 
calculated as 13 GPU based on the CMF010 flowmeter in the permeate line. This value was slightly 
higher than the initial MTR permeance of ~8 GPU at a pressure of 5-10 psig, which was attributed to the 
module not having a lengthy stabilization time for this N2 test. Polaris module appeared to be 
nondefective. 

7.4.4 Field Test Performance 

The spiral-wound membrane modules built into the field test skid was operated for 500 hours in 
February 2008. During this trial, coal-derived syngas from Eastman Chemical Company’s Kingsport, TN, 
coal gasification facility was supplied to conduct the acid-gas separation performance testing. Initially, 
two Pebax membrane Modules #4286 and #3920 were evaluated. During this trial, the newly developed 
membrane, Polaris Module #4018, was also tested. Monitoring of the gas compositions was achieved via 
an online gas chromatograph at several different points in the process (see Figure 7-29). A parameter 
study (Section 7.4.4.1) was also conducted to test the impact of syngas feed flow and the differential 
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pressure between the high pressure feed side and low pressure permeate side on the separation 
performance. 

The membrane modules were 
field-tested at 25 °C. Other system 
process conditions were varied at the 
time periods indicated in Table 7-31, 
which presents an averaged rounded 
value for each process condition. In 
the first period of performance testing, 
the two Pebax Modules #4286 and 
#3920 were connected in series and 
evaluated. Pebax Module #4286 was 
in the first membrane housing M200, 
and Pebax Module #3920 was housed in M400, the second in the series of pressure vessels on the skid. 
Syngas feed entered Module #4286 first, and then the Module #4286 residue became the feed to 
downstream Module #3920. In the first test period (up to ~ 100 h), the modules were operated at 800 psig 
feed pressure. In the second test period (~150-225 h), the coalescing sand bed in the feed pretreatment 
train developed a substantial pressure drop that lowered the feed pressure seen by the modules to 
665 psig. The syngas feed was shut down around 230 hours (roughly halfway through the field run) to 
switch out the module in the M200 housing from Module #4286 to the Polaris Module #4018, creating 
the third test period of 320-380 hours before start of the parameter study for the remainder of the 500-h 
run target. As a note, only the field-test H2S removal results are reported here. Disclosure of the field-test 
separation data for the other species (H2, CO, CO2) present in syngas have been restricted and are 
therefore not reported here. 

Table 7-31. Field-Test Process Conditions for RTI 
Membrane Test Skid 

Test Period 
Feed Flow 

(lb/hr) 

Pressure 
Differential 

(psig) 

Individual 
Module 

Stage-cuta 
(%) 

1: Up to 100 h 70 770 9-10 

2: 150 to 225 h 80 630 7.0-8.5 

3: 320 to 380 h 80 865 10-11 
a Stage-cut is defined as the ratio of permeate flow to feed flow. For each 

module, this was the single-module permeate flow divided by that module’s 
feed flow. 

Averaging stable periods of the permeance for each of the membrane modules provides the 
snapshot shown in Figure 7-30 for the H2S permeance over time. Breaks in the data are associated with 
shutdown and re-startup periods. The H2S permeance for the two Pebax modules remained fairly 
consistent throughout each testing period. However, the H2S permeance for Pebax Module #3920 had 
started to decrease somewhat after starting up the third test period. The Polaris module did not perform as 
expected as its H2S permeance was disappointingly very low in the field test. Because the Polaris was 
significantly lower (by an estimated factor of 50) than that expected from the intrinsic H2S permeability 
of the XL-PEO on which this module is based, the exposure to syngas appeared to have degraded the 
Polaris composite membrane module properties. From the magnitude of the permeance in three modules, 
though, no gross physical defects had formed; otherwise, their permeance would have been very high 
with no H2S separation seen. On an individual basis, each Pebax module displayed very similar 
performance, able to remove up to 50-60% H2S. The Polaris module showed ~18-25% H2S removal in the 
field test. In general, the membrane test skid showed fairly stable performance. The best performance was 
obtained with the two Pebax modules-in-series combination, which achieved an overall bulk H2S removal 
of up to 70-80%. 

7-63 



 7. Development of Polymer Membrane System for CO2 and H2S Removal 

0 50 100 150 200 250
100

1,000
H

2S 
pe

rm
ea

nc
e 

(G
PU

)

Time (h)

Pebax 4286 (M200)

(a)

 
0 100 200 300 400

100

1,000

H
2S 

pe
rm

ea
nc

e 
(G

PU
)

Time (h)

Pebax 3920 (M400)

(b)

 

300 320 340 360 380 400
10

100

H
2S 

pe
rm

ea
nc

e 
(G

PU
)

Time (h)

Polaris 4018 (M200)

(c)

 

 

Figure 7-30. H2S permeance as a function of time for (a) Pebax Module #4286, (b) Pebax Module 
#3920, and (c) Polaris Module #4018. All modules were evaluated at 25 °C with 
Eastman coal-derived syngas. 

More details relating to the field testing of the membrane skid are provided in Chapter 5 of 
Eastman’s field test report (Appendix E). 

7.4.4.1 Parametric Study 
A parametric study was also conducted to evaluate the effect of pressure ratio, pressure 

differential, and feed flow on the permeance and selectivity of the Polaris 4018 and Pebax 3920 modules. 
During the parametric study, the averaged stage-cut for the membrane modules ranged from 4 to 20%. 
Table 7-32 reports the pressure and flow conditions that were varied. The permeance data calculations 
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Table 7-32. Field-Test Conditions Used in the 
Parameter Study 

Feed / permeate 
pressure (psig) 

Pressure 
differential (psig) 

Feed flow 
(lb/hr) 

700 / 300 400 40a 
80 

750 / 150b 600 60 
80 

850 / 50 800 40 
60 

a The flow was very low for this point and had a difficult time 
stabilizing. 

b These parameters were used as a check during the 
parameter study. Therefore, it was repeated 3 total times in 
order to make sure the modules were still performing 
correctly. 

from the results of this study for both the Polaris 
4018 and Pebax 3920 modules illustrate that 
tests using a lower feed flow parameter needed a 
longer time to stabilize than had been permitted. 
Therefore, the permeance calculations were not 
completely reliable and should be repeated to 
verify this notable difference. The other 
parameter study changes did not vary the module 
permeances significantly. More details relating 
to the parametric study of the membrane skid are 
provided in Chapter 5 of Eastman’s field test 
report (Appendix E).  

7.4.4.2 Membrane Modules — Post-Field-Test Permeation Properties 
After the membrane test skid was returned to RTI from the Eastman field-test site, a post-check 

permeation evaluation of the membrane module properties was done to determine how the module 
properties had changed after exposure to real coal-derived syngas. This post-check was performed with 
pure gases N2, H2, and CO2 at 25-50 psig feed pressure, 0 psig permeate pressure, and room temperature. 
The pure-gas permeances and selectivities of the field-tested Pebax modules #4286 and 3920 and Polaris 
module #4018 are presented and compared to their pre-field-test values in Table 7-33. 

After the 250- to 500-h exposure to real syngas, degradation with time of the reverse-selective 
membrane module properties is seen. Primarily the acid-gas permeance properties of the modules had 
decreased dramatically, leading to the disappointing field-test separation performance. The post-test CO2 
permeance of Pebax Module #4286, which had been field-tested with syngas for roughly 250 h, is 60-
63% lower than the preliminary value measured by the vendor MTR after its manufacture. For Pebax 
Module #3920, which had been exposed to syngas for the full 500 h, its post-test CO2 permeance is even 
lower by 84-89% relative to the preliminary MTR value. The Polaris module’s CO2 permeance shows 
similar deterioration according to its post-test value. Interestingly, however, the post-test permeances for 
the light gases such as N2 and H2 did not change much, remaining fairly consistent with their pre-test 
values. Furthermore, it can be concluded that no gross defects (e.g., pinholes) had developed in the 
module membranes during or after field-testing because such defects would result in substantial increases 
in all gas permeances, rather than permeances staying the same or becoming lower. Other factors 
unknown at this time in this syngas application have caused the degradation of the membrane modules. 
From the post-test data, it is speculated that mass transport resistance in the composite membrane 
structure has increased either due to compaction/densification of the underlying standard microporous 
substrate used to support the reverse-selective Pebax or Polaris layer or due to the formation of a 
contaminant layer (e.g., oil or water condensate) on the active membrane surface. If the former, then an 
improved, more robust microporous substrate should be developed. If the latter, then better feed gas 
pretreatment or filtration should be tried. The used modules are being sent back to the vendor MTR for 
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post-mortem analysis to gain an understanding of how the syngas exposure had physically affected these 
membranes. 

Table 7-33. Comparison of Pre- and Post-Field-Test Pure-Gas Permeation Properties of Pebax 
and Polaris Modules 

Polymer material 
Pressure 

(psig) 

Mixture permeance 
(GPU) Mixture selectivity 

N2 H2 CO2 CO2/H2 H2/N2 CO2/N2 
Pebax Module #4286 

MTR Preliminary Test 
RTI In-Skid Pre-Test 
RTI In-Unit Post-Test 

 
10 

298 
25-30 

50 

 
3.7 
7.9 
2.7 
2.1 

 
21 

 
22 
18 

 
230 

 
91 
85 

 
11 
 

4.2 
4.6 

 
5.7 

 
7.9 
8.9 

 
62 

 
33 
41 

Pebax Module #3920 
MTR Preliminary Test 
RTI In-Housing Preliminary Test 
RTI In-Unit Post-Test 

 
10 
25 

25-30 
50 

 
5.0 
6.1 
4.1 
2.6 

 
27 
34 
31 
25 

 
325 
264 
33 
39 

 
12 
7.8 
1.1 
1.6 

 
5.4 
5.6 
7.5 
9.8 

 
65 
44 
8.0 
15 

Polaris Module #4018 
MTR Preliminary Test 
RTI In-Skid Pre-Test at Eastman 
RTI In-Unit Post-Test 

 
10 

298 
25-30 

50 

 
8.6 
13 
8.7 
8.1 

 
42 

 
49 
39 

 
580 

 
98 
98 

 
14 
 

2.0 
2.5 

 
4.9 

 
5.7 
4.8 

 
67 

 
11.3 
12 

 
7.5 Significant Accomplishments 

RTI, in collaboration with MEDAL and The University of Texas (UT) at Austin, developed 
improved polymeric materials for a membrane-based separation process to remove bulk H2S and CO2 
from syngas. For an economically viable membrane separation process, various polymer synthesis 
techniques were used to develop a multitude of membrane material formulations specifically engineered 
to enhance the “reverse selectivity” of the polymer materials for preferentially permeating acid-gas 
components (H2S, CO2, NH3, HCl and H2O) over the major components (H2 and CO) in syngas. 
Performance of three reverse-selective membrane modules was analyzed on a field test skid with real 
syngas at Eastman Chemical. 

Significant accomplishments and major conclusions of this study are the following: 

■ Reverse-selective polymers with the most attractive acid-gas/syngas separation properties 
were found to have high concentrations of polar ether oxygens that are accessible to the acid 
gases and interact favorably with the acid gases to enhance their solubility in the polymer 
matrix. 

■ Reverse-selective polymers with acid-gas separation properties near or above the “upper 
bound” were identified from permeation-screening of dense films with pure gases, simulated 
syngas mixtures containing H2S, and dry and humidified feed mixtures. These polymers 
showed CO2/H2 and H2S/H2 selectivities of 6-10 and 20-50, respectively. Candidate materials 
found to have attractive acid-gas/H2 separation properties were 
– Cross-linked poly(ethylene oxide) [XL-PEO] 

(Selected for scale-up to membrane module) 

7-66 



 7. Development of Polymer Membrane System for CO2 and H2S Removal 

– Polyether-co-polyamide [Pebax] 
(Selected for scale-up to membrane module) 

– Polyether-co-polyurea [PEG-co-PU] 
– Polyether-co-polyester [PEG-co-PEs] 

■ Acid-gas selectivity decreases at higher temperatures (i.e., increases at lower temperatures) 
for reverse-selective polymers studied. 

■ Amorphous, rubbery XL-PEO was found to be a particularly interesting material platform for 
CO2/H2 and H2S/H2. An article on this new material was published in the journal Science. 
– XL-PEO desirably combines the highest mixture acid-gas selectivities (CO2/H2 ~ 7.2; 

H2S/H2 ~ 50) and the highest mixture acid-gas permeabilities (CO2 ~ 360 barrers; H2S ~ 
2,500 barrers) seen to date for solid non-facilitated transport membranes. 

– XL-PEO films offer acid-gas molecules access to a large number of polar ether units in a 
polymer matrix that is easy to process and mechanically strong. 

– Plasticization effects by the acid gases and moisture can enhance the acid-gas separation 
properties of XL-PEO. (Plasticization is typically detrimental to commercial gas-
separation membranes.) 

■ Fluorinated polymers were found to exhibit anomalous H2S transport behavior, in contrast to 
non-fluorinated polymers. An article on this unusual behavior was published in 
Macromolecules. 
– Fluorinated polymers display anomalously low H2S solubility, resulting in lower H2S 

permeability than CO2 permeability. That is, fluorinated materials are CO2-selective 
(αCO2/H2S ~ 6-30). 

– In contrast, H2S permeation in non-fluorinated polymers obey classical thermodynamic 
predictions and have higher H2S solubility and permeability than CO2 solubility and 
permeability. That is, non-fluorinated polymers are H2S-selective (αCO2/H2S ~ 0.3-1). 

– Because of their unusually low H2S solubility, fluorinated polymers may be useful as 
“H2S-plasticization-resistant” membranes. 

■ A multicomponent hollow-fiber membrane simulator tool was developed and incorporated 
into ASPEN, allowing for rapid scenario screening and optimization. 

■ Composite membrane structures and spiral-wound membrane modules were manufactured 
from two reverse-selective polymers, XL-PEO (Polaris module) and polyether-co-polyamide 
(Pebax modules). 

■ Modules of reverse-selective membrane were field-tested with a slipstream of real coal-
derived syngas to evaluate bulk desulfurization performance and longer-term membrane 
structural and performance stability. 
– Membrane field-test skid was designed, constructed, commissioned at Eastman 

Chemical’s gasification site, and operated for 500 h. 
– In module form, the Pebax membrane had much better separation performance than the 

XL-PEO (Polaris) membrane. The XL-PEO module used in the project’s field test was 
one of the first developed from the new XL-PEO polymer. Its disappointing field 
performance indicates that the XL-PEO composite membrane and module forms need 
significant optimization to better retain the intrinsic (ideal) selective properties of 
XL-PEO. A new XL-PEO module should be made and tested to verify or disprove the 
poor performance and to clarify the reason(s) for this behavior to guide future 
optimization work. 

– The Pebax modules displayed modest performance for the separation of H2S from syngas 
for the majority of the field test. Their performance was not as high as the baseline data 
measured on stamps of the flat sheet Pebax composite membrane used to make the 
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module or on the modules before syngas exposure. This could be due to unexpected gas 
transport resistance from the composite membrane structure, possibly in which the 
underlying microporous support substrate supporting the thin reverse-selective layer was 
compromising the intrinsic acid-gas separation properties of the Pebax. Another 
possibility is formation of a contaminant layer on the membrane surface, which could 
also adversely affect the permeation of acid-gas species. 

 
7.6 Conclusions 

Overall, in this first test of reverse-selective membrane technology with real process syngas, the 
membrane modules demonstrated fairly stable, promising performance. A family of reverse-selective 
membrane materials based on highly branched cross-linked PEO was developed during this project and 
exhibited good bulk separation performance of acid gases. The Pebax and Polaris membrane modules 
completed the 500 hr field test with coal-derived syngas having minimal degradation indicated by nearly 
stable acid gas removal. The two Pebax modules combined in-series at 35 °C achieved an overall bulk 
H2S removal of up to 70-80%. On an individual basis, each Pebax module displayed very similar 
performance, able to remove up to 50-60% H2S at 35 °C. Based on laboratory results using sample 
coupons of Pebax membranes, the Pebax material does consistently remove H2S, CO2, and COS from 
syngas feed streams. The preference towards polar compounds exhibited by these materials insinuates that 
they would be very useful in removing H2O, SO2, and NH3 from synthesis gas. This is further 
corroborated by work outside of this project that did show the materials selectively removed SO2 and H2O 
from feed streams. Additional work outside of the project found that the Polaris coupon films also exhibit 
successful removal of the acid-gas species CO2, H2S, and SO2. 

While the acid-gas separation performance of these materials was promising, there are two issues 
that will have to be addressed for the use of this technology in an IGCC process. The performance of the 
reverse-selective polymer membranes was found to be dictated by temperature, making this technology 
not a viable option for warm syngas cleanup. The Pebax and Polaris materials are rated to 60 °C, which is 
below the temperature used in IGCC. During the field test, the temperature of the coal-derived syngas was 
reduced to a process temperature of 35 °C for separation of the acid-gas species. The second issue for this 
technology is the fact that polymer membranes are semipermeable to all gas species to varying degrees. 
Therefore, in this process of removing acid-gas species from H2 and CO (i.e., syngas), H2 is lost to the 
permeate stream, increasing with the amount of acid gas removed from the feed stream. The 
multicomponent membrane modeling tool developed in part under this project and integrated into 
ASPENPlus simulator software was used to calculate the H2 loss by utilizing the results obtained from 
laboratory studies on membrane stamps. The simulation results indicated that, for 80% and 95% H2S 
removal to the permeate stream, the predicted loss of H2 to the permeate stream would be15% and 21%, 
respectively. While these issues make integration of the reverse-selective polymer membrane technology 
into the high-temperature IGCC process unlikely, the laboratory results coupled with the stable 
performance during the field test demonstrated the potential of using reverse-selective membrane 
technology for doing post combustion bulk cleanup of sulfur and acid gases from syngas. 
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Currently, the acid-gas species in syngas are treated by amine-based scrubbing systems, which 
are energy- and capital-intensive as well as environmentally unfriendly. Membrane processes are 
attractive because they are energy-efficient (i.e. no phase changes occur), require minimal operator 
attention and maintenance, and are compact and modular, allowing for easy retrofit to an existing process. 
As a post-combustion modular addition to the IGCC scheme, the membrane unit could be a viable 
technology for separating the bulk amount of acid-gas species upstream of amine scrubbing systems, 
which could then be used as a final polishing cleanup step. The syngas is typically cooled upstream of 
amine systems for acid-gas removal, so this would neither be an additional cost or thermal penalty to the 
process, negating the temperature issue of for these membranes. By removing the bulk amount of acid 
gases, final polishing of the gas stream with amine technology could be completed with a considerably 
smaller scrubber, thus reducing the cost of the amine scrubbing unit. An additional benefit to a hybrid 
acid-gas removal system is potentially that a smaller amine scrubber could reduce the amount of harsh 
solvents required. This reduction in the amount of amine solvent used would be not only an 
environmental benefit but would also lower the size and duty of the reboiler used to regenerate the amine 
solvent in the amine system. Because regeneration of the amine solvent is an energy-intensive process, 
this downsizing of the regeneration requirement of the amine system could also decrease overall cost of 
acid-gas removal from syngas. 

 



8. Techno-economic Evaluations and 
Commercialization Assessments 

8.1 Introduction 
A significant amount of this report has been dedicated to discussion of the technical aspects of the 

warm syngas cleaning technology platform. From this technical discussion, the commercial viability of 
this technology platform to achieve increased thermal efficiency and reduce the environmental impact 
associated with using coal to produce power and chemicals has demonstrated the progress made in this 
project. However, this technical discussion has not been able to address the cost associated with achieving 
these benefits. To tackle this issue, the economics of a plant using this warm syngas cleaning platform 
must be compared with an identical plant using conventional commercial syngas cleaning technologies 
instead of the warm syngas cleaning technologies. Details of this study with several variations are 
described in the following sections, and the complete report is provided in Appendix C. Because this 
study was conducted very early in the project, a significant amount of the technical development data and 
results were not available for this initial study. In spite of this limited availability of engineering data, this 
study demonstrated that the warm syngas cleaning platform offers significant cost benefits and higher 
energy efficiency compared to conventional commercial technologies.  

Additional studies of a similar nature, which incorporate more of the technical developments 
completed in this project, have been completed by Nexant and Noblis. However, funding for these studies 
was not provided through this project. Thus, only summaries of the results from these studies have been 
included in this report. However, these summaries demonstrate that the fundamental findings from the 
first study are valid or possibly more valid because of the significant advancement in technical 
information available that has been described in the preceding chapters. The specific system studies 
comparing the economics of the warm syngas cleanup technology platform are summarized in Table 8-1.  

Table 8-1. Summary of System Studies comparing the Warm Synags Cleanup Technology 
Platform to Conventional Syngas Cleanup Technologies 

Report Date Report Title Report prepared by 
Dec 2003 RTI HTDS and DSRP Technology Evaluation and Comparison ChevronTexaco 
June 2007 Preliminary Feasibility Analysis of RTI Warm Gas Cleanup (WGCU) 

Technology1 
Nexant 

Oct 2008 A Pathway Study on Non-Carbon Capture Advanced Power Systems R&D 
using Bituminous Coal – Volume 1 

Noblis 

1 http://www.netl.doe.gov/technologies/coalpower/gasification/pubs/systems_analyses.html 
Additional economic information about the warm syngas cleaning platform is provided by 

examining the preliminary budget estimate that was prepared for a 50-MWe demonstration plant for the 
warm syngas desulfurization technology. The effort put into calculating this budgetary estimate not only 
provides valuable economic data but also identifies future effort necessary to successfully make this 
technology commercially available. 
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8.2 Techno-economic Evaluation 
The intent of the study was to compare the new RTI acid gas removal (AGR) and sulfur recovery 

technology to both the most basic and most rigorous technologies conventionally employed in today’s 
syngas applications. The non-enhanced MDEA amine AGR process is one of the simplest and most 
common approaches used to remove acid gas from syngas bound for producing power. Although this 
process inherently removes some CO2 along with the sulfur compounds, which reduces the total mass of 
syngas available for power generation in the gas turbine, it is still widely employed due to its relatively 
low cost. On the other hand, Rectisol technology, a methanol-based AGR process, provides deeper sulfur 
removal but can be operated to minimize CO2 removal from the syngas. RTI’s HTDS process promises 
the deep sulfur removal obtained with Rectisol and no CO2 removal from the syngas. 

For medium to large acid-gas capacities, the Claus-type SRU with a SCOT-based tail gas treating 
unit (TGTU) is coupled with most AGR options, including amine, Rectisol, and other gas-liquid 
absorption methods. Another sulfur recovery option is the production of sulfuric acid from H2S. The 
sulfuric acid market is difficult to assess, and it is usually dependent on end-users being located in the 
immediate surrounding area of the H2S-exporting plant. However, it is a logical option to pair with RTI’s 
AGR process, given that the HTDS outlet carries SO2 rather than H2S and SO2 is the typical feed to an 
acid plant. 

Tables 8-2 and 8-3 summarize capital and efficiency differences between the four studied cases. 
Regarding both capital costs and operating requirements, it should be noted that the basis for the study 
has been scaled down from a detailed estimate basis capacity. Additionally, given the level of accuracy of 
the study, neither the AGR and SRU equipment nor the equipment common to all the cases were 
optimized. Therefore, when analyzing the efficiencies and costs, it is important to weigh the differentials 
between the cases rather than the absolute values. 
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Table 8-2. Capital Cost Comparison Summary — Total IGCC Plant CapEx Comparison 

Sections 
Base case 

MDEA ($1k) 

Case 1 - RTI 
HTDS w/ 

DSRP 
($1k) 

Case 2 - RTI 
HTDS w/ 

Sulfuric acid 
($1k) 

Case 3 
Rectisol®  

($1k) 
Gasification/Solids-Water Handling 67,629  67,629  67,629  67,629  
Low Temperature Gas Cooling 12,275  0  0  12,275  
       
Ammonia Removal 0  3,000  3,000  0  
       
Acid Gas Removal 19,259  36,107  36,107  49,672  
Sulfur Recovery + Tail Gas Treating Units or 
Equivalent  

32,328  7,391  19,760  27,558  

       
Power Generation and HRSG 150,851  138,589  138,589  164,831  
       
Air Separation Unit 50,837  50,837  50,837  50,837  
       
Communications/DCS/UPS 11,389  11,389  11,389  11,389  
  0  0  0  0  
Balance of Plant 33,636  33,636  33,636  33,636  
       
Total Owners & Contractors Cost 378,204  348,577  360,947  417,827  
Delta Cost Before Contingency, $1K 0  (29,626) (17,257) 39,623  
Delta Cost Before Contingency, % of Base 
Case Total Plant Cost 

0% -7.8% -4.6% 10.5% 

Contingency (Please see Appendix for Contingency Table and Discussion) 
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Table 8-3. Operating Cost Comparison Summary 

Performance summary   

Base 
Case 
MDEA 
AGR 

Case 1 
RTI 

HTDS w/ 
DSRP 

Case 2  
RTI HTDS w/ 
Sulfuric Acid 

Plant 

Case 3 
Rectisol® 

AGR 
  Units         
Electrical Output           
GTG Gross Total MW 194.1 199.2695 205.0398 193.5743

2
Main STG Gross Total MW 90.6 87.7 90.3 90.3
NRH Third STG MW 34.1 28.4 27.0 40.1
Total Steam Power MW 124.7 116.1 117.3 130.4
Plant Gross Output MW 319 315 322 324
            
Auxiliary Loads and Losses           
Total Auxiliary Load and Loss MW 62.2 56.8 53.4 66.6
NET OUTPUT MW 257 259 269 257
Fuel Consumption           
Coal MMBTU/h HHV 2599 2599 2599 2599
Natural Gas to Process  MMBTU/h HHV 99 32 32 68
Total Fuel Consumption MMBTU/h HHV 2698 2631 2631 2667
           
Syngas to GTGs MMBTU/h LHV 1724 1724 1724 1724
Heat Rates            
Electrical (Coal Fuel/Net Power) BTU/kWh HHV 10131 10052 9666 10099
Electrical (Total Fuel/Net Power) BTU/kWh HHV 10517 10176 9785 10363
            
NET THEORETICAL EFFICIENCY % (HHV basis) 32.5% 33.6% 34.9% 33.0%
            
Process/Utility Interface Summary          
1900p steam to gasifier and TGTU 
Htr. 

kpph export from power 14.6 14.6 14.6 14.6

Net 600p steam to power kpph export to power 41.0 25.5 21.9 58.2
Net 350p steam to power kpph export to power 332.2 301.7 290.3 332.2
Net 180p steam to power kpph export to power 22.5 0.9 0.9 78.4

NOTE: Initial Screening Study – Power Cycles Not Optimized for Maximum Efficiency 

8.3 Discussion 
8.3.1 Base Case – MDEA AGR and Claus SRU/TGTU 

Since MDEA AGR units and Claus-type SRU/TGTUs are frequently employed, determining the 
capital expense and operating requirements is a less rigorous exercise than that for new developing 
technology such as the HTDS and DSRP processes. ChevronTexaco has an extensive collection of data 
from both existing units as well as detailed designs from which estimating tools have been developed. 
The tools predict cost and utilities within an accuracy level appropriate for this study based on the total 
capacity as well as the acid gas content. 

As mentioned previously, the MDEA AGR in this study is quite simple in that it has the typical 
absorber-stripper configuration. A large amine circulation rate is required because the MDEA has been 
neither refrigerated nor enhanced with activators. This large circulation rate imposes a penalty in terms of 
both capital cost and operating requirements. Larger equipment is needed to handle the high liquid flow, 
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and more steam for amine regeneration and more power for pumping the fluid are required Contributing 
also to capital and operating costs is the need for COS hydrolysis. Non-activated, non-refrigerated MDEA 
fails to absorb most of the COS, so unless it is hydrolyzed beforehand, COS passes through all the way to 
the gas turbine generator and out with the exhaust as SOx. Pre-heating with steam is required, so this 
additional step not only increases the capital expense but also the utilities, further decreasing energy 
efficiency of the IGCC plant. The SRU/TGTU is a necessary but expensive step, costing almost 70% 
more than the MDEA AGR alone. 

8.3.2 Case 1 – RTI AGR and DSRP SRU 

Because the HTDS technology was in its early stages of development, thorough design of the 
process was necessary to quantify any savings as well as risks. First, the HTDS heat and material balances 
were developed from lab-scale data obtained by RTI. ChevronTexaco’s in-house fluidization expert then 
ran a simulation for fluid/solids flow calculations and detailed equipment- and line-sizing. Once the 
equipment and large process lines were configured, a PRC cost engineer worked with the fluidization 
expert to tailor a detailed cost estimate for this process. Without applying the risk via a contingency 
number, the RTI HTDS-based IGCC plant could be less costly than both an MDEA- and Rectisol-based 
IGCC plant although the RTI AGR unit itself costs more than the MDEA unit. The DSRP section was 
also designed in a detailed fashion, but lab data were not available to determine the exact equipment 
requirement. Several assumptions were made and followed through via a sulfur recovery simulation and 
in-house sulfur equipment sizing and costing tools. Additionally, higher energy efficiency is possible 
using RTI technology in an IGCC setting. 

The RTI HTDS process offers several prospective advantages that required further research: 

■ No Low Temperature Gas Cooling (LTGC) is required because the RTI AGR step requires a 
high feed temperature as opposed to other AGR processes requiring much lower temperatures 
– As much as 6% more power is produced in the GTG because the mass from all the 

process steam (47 mol% of the syngas) produced in the gasifier is never condensed in an 
LTGC. 

– Although not yet confirmed, another potential advantage to the additional steam content 
is the elimination or reduction of the need for diluent nitrogen since the steam serves as a 
diluent. Neither costly capital nor power for a diluent nitrogen compressor may be 
necessary. 

– The subsequently cooler syngas temperature due to the diluting effect of steam also 
 renders the turbine less susceptible to metal damage and 
 produces less NOx. 

– No COS hydrolysis is required upstream of the RTI AGR since COS is readily adsorbed 
onto the ZnO sorbent to form ZnS. 

– Significantly deeper sulfur removal is achieved with the RTI AGR than with MDEA. As 
low as 2 ppmv of sulfur is produced from lab-grade syngas. More experiments need to be 
done with syngas containing more undesirables.  

– The lower sulfur in the product syngas makes the IGCC more compatible with an 
expander option upstream of the GTG as there is less H2S to corrode the expander’s 
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metallurgy. This benefit is enhanced by the fact that the syngas is never cooled before or 
during HTDS acid gas removal, so there is no heating requirement associated with the 
inclusion of the expander. 

– When SCRs are mandated for NOx reduction, the lower sulfur in the syngas does not 
threaten the SCR catalyst as it does with higher sulfur from MDEA processes.  

– Economic results seem promising, based on the advantages discussed above as well as 
others. 

– Somewhat of a higher efficiency is possible when using RTI technology. 

RTI HTDS and DSRP also pose several unanswered questions and risks: 

■ Ammonia Removal - In a typical IGCC, the syngas is cooled via steam generation and water 
wash before entering an AGR unit. A secondary benefit is the removal of ammonia through 
absorption into the water in the wash column. However, the HTDS process requires that the 
LTGC section be eliminated in order to feed the syngas into the reactor at a high temperature 
and to maintain high steam content for the projected incremental power production increases. 
Nonetheless, the ammonia must be removed upstream of the HTDS process or even as late as 
the GTG, and applicable technology is limited. Aqueous processes, such as simple water 
wash or acid injection, are common, but these methods would cool the syngas and condense 
the steam, therefore decreasing the power to be produced in the GTG and necessitating 
reheating upstream of the HTDS process.  
– Catalytic processes, such as ammonia dissociation, may work at considerably lower 

pressures. Therefore, installing said process downstream of the high-pressure HTDS unit, 
assuming the ammonia has no detrimental effect on the HTDS process, is necessary. In 
preliminary discussions with a catalyst vendor, a system involving a relatively large 
reactor running at 400 psig and 1,800 °F is proposed by the vendor. Rough order-of-
magnitude calculations predict a potential total project cost addition in the range of 
$10MM due to the reactor size and heat duty required in taking a large syngas stream 
from 600 to 1,800 °F. 

– Other less expensive options may be available or developed in the future. Adsorbents or 
molecular sieves may be applicable to this service, but some vendors were not confident 
about this approach. Advances in acid injection technology may or may not be suitable 
for installation at the gasifier’s scrubber outlet. SCR-like technology may or may not be 
applicable at such high temperature and pressure. As a matter of fact, RTI is developing 
an ammonia removal process using fluidized-bed technology for similar service, but this 
method has not been considered in this study. Because no well-known application was 
found in preliminary searches, an order-of-magnitude cost for a sacrificial bed-type 
arrangement has been included at this point for both Cases 1 and 2. Because little is 
known about this issue at this stage, no impact on the efficiency from the utility 
requirements of ammonia removal is reflected. 

■ RTI claims that high pressure is necessary to obtain certain velocities. However, such high 
pressure combined with H2S and hydrogen service poses several safety, operating, and 
economic risks. 
– Unconventional equipment for high pressure and high temperature in corrosive (H2S) and 

solids services may be quite difficult to obtain in a timely and economic fashion. 
– There is lack of HTDS data beyond the bench scale to enable the confirmation of several 

claims, such as the low product sulfur of 2 vppm.  
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– There may be considerable scale-up concerns with this type of process given the current 
trouble in operating the new pilot plant. 

– The high water content of the product syngas yields a low BTU content. Studies indicate 
that 47 percent is the maximum water content in syngas that can be fed to the combustion 
turbine. At this time, this moisture level has not been demonstrated to be readily handled 
by the turbines, and it is extremely unlikely that the combustion turbine suppliers would 
be willing to provide equipment meeting this requirement. It is entirely likely that a 
development and/or demonstration program would be required before the combustion 
turbines will accommodate this feed. 

– In parallel with future lower BTU content investigation, more work must be done 
regarding the reduction of the need for diluent nitrogen. Although steam is a proven 
diluent in combustion turbines, the claim that it can replace diluent nitrogen entirely must 
be investigated further with turbine suppliers. 

– There is lack of DSRP data beyond the bench scale. Even at this bench scale, several 
valuable pieces of data, such as catalyst type or kinetics, were not made available. 
Several, potentially far-reaching, assumptions were made, and all the benefit of doubt 
was given to this sulfur recovery method. Thorough and accurate design of the DSRP 
reactor was not possible, so a packed bed much like the Claus SRU catalytic converters 
was assumed. A significant cost-reducing assumption requiring further investigation is 
the elimination of a thermal oxidizer found with Claus SRU/TGTU’s. Additionally, the 
DSRP technology was assumed to be possibly carried out in two stages to achieve Claus 
SRU/TGTU-like conversion. This may prove to be incorrect, but there is very little data 
to provide other more educated solutions. 

One potential target for reduction of capital cost is the full refractory lining included in the 
equipment and piping of the HTDS adsorption and regeneration process areas. The HTDS process is an 
abrasive service, and it requires a significant amount of refractory lining. Significant cost is attributed to 
the amount of refractory lining in the HTDS piping and equipment to mitigate the abrasion. Not only does 
it protect the metal, full refractory lining significantly reduces heat loss, thus enabling the maintenance of 
self-sufficient heat balance.  

On the other hand, operating the HTDS system with a thinner refractory lining that only provides 
personnel protection and reduces some heat loss can save a notable amount of capital expense. Obviously, 
there is less of a refractory cost, and less refractory means the equipment, piping, associated valving, and 
instrumentation are significantly reduced in diameter. Smaller piping and valving means significant cost 
reduction because, at such high pressure of 1,200 psig, piping wall thickness increases with diameter. 
Smaller piping and valving is also more readily available. Smaller piping and equipment also means that 
the process structure is lighter and does not require as much civil structural support. 

Because there is insufficient corrosion/erosion data regarding HTDS service, there is significant 
concern that thinner refractory lining imposes several risks when compared to full refractory lining. If a 
breach in the metallurgy were to occur, the damage repair costs and downtime could have unacceptable 
economic impact. More importantly, full refractory provides safety insurance. A release of H2S-loaded 
syngas at such high pressure and temperature could not only be a fatal exposure but also a fire and 
explosion risk considering the high hydrogen content. 
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Additionally, the heat loss attributed to thinner refractory may mandate either external heat 
sources or oxygen enrichment in the sorbent regeneration/combustion to keep temperatures high and 
maintain heat balance. 

8.3.3 Case 2 – RTI AGR and Sulfuric Acid Plant 

Same arguments apply to this case as for Case 1 with exception to those pertaining to the DSRP. 
This case employs a conventional sulfuric acid plant to recover the sulfur in the acid gas produced by the 
HTDS unit. A budgetary vendor quote was used to determine the capital expense and utility requirements. 
This quote was compared in detail to previous quotes and studies to ensure accuracy and consistency. It is 
significantly more expensive than the optimistic estimate for the DSRP, so this case is somewhat more 
costly than Case 1. However, this case is probably more realistic in that acid plant technology is well 
established and costs accurately determined. Another advantage over Case 1 is that more power is 
produced as no syngas is taken from the GTG to provide a reducing gas for the DSRP chemistry. 

8.3.4 Case 3 – Rectisol AGR and Claus SRU/TGTU 

As Rectisol units are commonly used for acid gas removal, the estimating exercise for capital and 
utility requirements necessitates less rigor than for new technology, such as HTDS. ChevronTexaco has 
collected enough data from both existing units and detailed designs to develop a reliable estimating tool. 
The tool sizes equipment and determines utilities within an accuracy level appropriate for this study based 
on the total capacity as well as the acid gas content. The capital cost is calculated using practically the 
same parametric model spreadsheet program as employed by PRC (mentioned above for costing the RTI 
equipment). 

For completely commercial deep sulfur removal, Rectisol is an attractive option. However, the 
consequence is sizable capital and operating expenses, and, for IGCC applications, small CO2 slippage 
translates into less power output from the GTG. In order to accomplish the deep sulfur removal, a 
Rectisol AGR unit can be considerably more complex and, therefore, 2.5 times more costly (total IGCC 
costs over 10%) than the basic MDEA system due to additional equipment such as towers, separators, and 
solvent chiller. Rectisol-based IGCC’s have similar energy efficiencies to that of MDEA-based plants. 

When compared to HTDS-based IGCCs, Rectisol units may have lower energy efficiency 
because of Rectisol’s need to provide power for the solvent chiller and to regenerate the methanol with 
steam. An advantage of RTI’s HTDS is the independence from external heating because the energy 
obtained during gasification is conserved to a great degree by eliminating the LTGC and having a warm 
process to remove acid gas. The HTDS process actually claims to be heat-balanced because the sorbent 
regeneration provides sufficient energy via the combustion of the sulfur to SO2. With HTDS technology, 
the equipment count may actually be lower than Rectisol and perhaps even MDEA, potentially facilitating 
integration with other IGCC process units. One of the more attractive potential benefits of the HTDS 
process over Rectisol is the notably lesser AGR plus sulfur recovery capital by almost 30% (comparing 
Cases 2 and 3); total IGCC savings is around 15%. This is made all the more attractive by HTDS’ 
predicted sulfur removal being in the same range as Rectisol’s. 
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In future work, it is recommended that the RTI HTDS be compared to Selexol for IGCC 
application because Selexol provides much higher CO2 slippage than either MDEA or Rectisol. Rectisol 
is more applicable to scenarios when CO2 removal is also desired, such as when feeding syngas to a 
chemicals facility or when selling hydrogen. 

8.3.5 Cost Estimate Discussion 

All four AGR and SRU technology combination cases are embedded in an identical IGCC 
scenario to make a valid comparison. The study is based on a previous detailed engineering estimate 
performed by ChevronTexaco and KBR for an IGCC plant. The design, base costs, and utilities were 
modified per this comparison study’s scale and process requirements. The total IGCC project costs are 
within ChevronTexaco Class I cost estimate accuracy. After establishing a basis on which to compare the 
four cases (previous study scaled down by a factor of 6), the cost and utilities/efficiency differentials 
among the cases were quantified with respect to the areas significantly impacted by varying both the acid 
gas removal and sulfur recovery technologies from case to case.  

The capital cost differences are summarized in the CapEx Comparison summary in Table 8-1. 
The capital investment numbers include initial catalyst and chemical requirements. 

Before any consideration to risk is applied, the capital investment for the RTI Cases 1 and 2 
represent significant savings, $30MM and $17MM, respectively, from the Base Case. In other words, the 
maximum savings that can be obtained from a typical IGCC plant using conventional MDEA AGR and 
Claus SRU/TGTU is 8% and 5%, respectively. These savings stem mostly from the assumptions that the 
LTGC section and the nitrogen diluent compression may not be necessary in an RTI scenario. However, it 
is strongly recommended that more discussion and development take place with combustion turbine 
vendors regarding nitrogen diluent requirements plus the turbine’s ability to reliably employ the syngas 
treated by the RTI HTDS process. Additionally, in Case 1, much credit was given to RTI’s DSRP sulfur 
recovery process not requiring any tail gas treating after the formation of elemental sulfur. 

Although the upside potential for saving up to 8% of the total project investment is significant, it 
should be noted that this maximum potential does not include margin for contingency or design 
allowance. It is considered worthwhile to determine what is the probability of realistically achieving that 
upside potential. With the limited amount of process technology data and project definition available at 
the current stage, there is a 50% probability that the costs could actually be 41% more (or 46% more for 
Case 2) than the Base Case. More research and project definition will aid in determining whether or not a 
maximum potential for saving 8% is worth risking an additional capital investment of 46%. 

8.3.6 Energy Efficiency Discussion 

The determination of energy efficiency is heavily influenced by several factors specific to 
individual project, such as site selection, technology selection, and calculation methods. For example, low 
NOx emissions may be mandated by local regulatory agencies (15 ppmv in this study and in the previous 
study). NOx mitigation strategies typically require using more diluent N2 to cool down the GTG 
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combustion and thus reduce NOx formation, and diluent nitrogen imposes an extensive power draw for its 
compression. Local agencies may also have a low water discharge requirement for power/IGCC plants, 
and this can further impact efficiency. Another site-specific issue that decreases energy efficiency is high 
ambient temperature, as is assumed in this study. A technology choice of quench gasifiers over radiant 
cooling gasifiers also results in lower thermal efficiency. It is also important to note the impact of actual 
plant operation. Recent studies, such as the study on which this work is based, have more conservative 
efficiencies to more accurately represent actual operating experience. Historically, operating plants have 
been found to have lower efficiencies than calculated during the design phase for various reasons, such as 
the ASU plant requiring more power than quoted by the vendor. Therefore, the energy efficiencies shown 
in the Efficiency Comparison table above may seem low but perhaps are more realistic than published 
numbers for other projects. 

The operating requirements for the four cases were quantified and compared (please refer to the 
efficiency comparison in Table 8-2). Cases 1 and 2 show efficiency improvements over the Base Case of 
1.1% and 2.4%, respectively. The improvement can be partially attributed to the fact that neither case has 
the significant load of diluent nitrogen compression since it is claimed not to be necessary when 
employing RTI AGR technology. Additionally, both cases have a quality of syngas that increases power 
output from the gas turbine by approximately 6% (both of these claims to be further investigated with 
suppliers). The Base Case has a low efficiency partially because the MDEA amine is not enhanced by 
activators or refrigeration, resulting in a large circulation rate that requires a significant amount of steam. 
Case 2 having the highest efficiency results from the increased power expected from HTDS-treated 
syngas and from the sulfuric acid plant’s heating requirements being lower than those required by 
Case 1’s DSRP high temperatures. 

Total operating cost differential for the acid gas removal and sulfur recovery equivalents are 
approximate because the unit price of the utilities were abstracted from another acid gas removal 
comparison study done in 1999 for a specific site. Annual catalyst and chemical replacement costs, 
although not considered in the comparison metrics, are included in the annual operating cost shown in the 
AGR Comparison table in Appendix C. 

8.3.7 Conclusion 

Throughout this study, all the possible benefits offered by the HTDS and DSRP processes were 
included in the economic and efficiency evaluations, so it is worth reiterating that the numbers included in 
this study are the maximum potential savings in Cases 1 and 2. Considering all the risks enumerated in a 
previous section and within this discussion, it is paramount that these be resolved before further 
consideration of implementing RTI’s HTDS and/or DSRP technology. One particularly significant 
concern is that associated with the scale-up: the scale-up from laboratory scale to pilot plant is proving to 
be a challenge in the current operation of the pilot plant, and scaling up to commercial level may be no 
less difficult. These technologies are still years from being commercially ready because all the risks may 
not have been identified, quantified, or mitigated. The contingencies discussed in Appendix C apply a 
numerical value to the economic risk of constructing an RTI unit with the current level of project 
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definition and technology definition. Once the research is complete and design and operating 
requirements have been pinpointed, another cost estimate and evaluation must be performed to ensure that 
the preliminary projected savings still apply. 

8.3.8 Impact of Additional Technical Development 

When this study was initially prepared, limited technical development data and results were 
available. For Chevron Texaco to adequately complete the study described in the previous sections, 
assumptions had to be made. Based on these assumptions, ChevronTexaco prepared a list of the potential 
risks associated with warm syngas cleaning. The advances in technical data and process development 
described in early chapters of this report have addressed many of these risks. Table 8-4 attempts to 
provide a summary of the risks identified by Chevron Texaco and the advancements made toward 
mitigating or eliminating these risks. 

Table 8-4. Impact of Additional Technical Development for Mitigating Identified Risks 
Risk Mitigation Strategy 

Conventional low temperature syngas 
cleaning process will be needed to 
remove NH3 

The warm syngas cleaning platform has been expanded to include NH3 
(Chapter 5), Hg and As (Chapter 4), and CO2 (Chapter 6), and current 
R&D efforts are focused on accelerating the development of these 
technologies for commercial deployment. 

Operability issues associated with fines 
entrained out of the reactor with either 
the clean syngas or regeneration 
tailgas (specifically control valves and 
pressure relief valves) 

Sintered metal filters used in the pilot plant system at Eastman during the 
field test acted essentially as barrier filters eliminating all solid fines 
entrained in the effluent gases (see Chapter 2 and Appendix E). The field 
test at Eastman was also able to demonstrate metallurgy with suitable 
corrosion resistance to the syngas and regeneration tailgas.  

Availability of slide valves for controlling 
solids circulation at high-pressure high-
temperature conditions 

During the field test, the original mechanical slide valves installed in the 
system were removed and replaced with non-mechanical valves, which 
are based on aeration and pipe configuration. With these non-mechanical 
valves, over 3,000 hours of operation were accumulated with the HTDS 
pilot plant in which the solid circulation could be controlled allowing control 
of the effluent sulfur concentration.  

Issues associated with sorbent 
(commercial availability, sulfur capacity, 
fluidization characteristics, and long-
term performance)  

The desulfurization sorbent, RTI-3, used in the Eastman field test was 
from an 8,000-lb batch that was produced by Sud Chemie using 
commercial equipment. Production of this batch of sorbent demonstrated 
that commercial production of the sorbent could meet tight specifications. 
The field testing at Eastman, during which over 3,000 hours of operation 
with the same original sorbent loaded into the reactor system, 
demonstrated that the appropriate specification had been chosen because 
of chemical activity, stability, and attrition resistance.  

System operation and controllability 
issues (ability to deal with changes in 
sulfur content of the syngas, oxygen 
concentration in the regeneration 
tailgas, and water carryover) 

The sulfur concentration in the syngas could not be regulated by operators 
and it was determined by gasifier operation that the HTDS pilot plant 
system could respond to variability in the syngas composition and maintain 
stable operational performance, which included effluent syngas sulfur 
concentrations (for both H2S and COS) and oxygen concentrations in the 
regeneration tailgas. Additional parametric testing of the operating 
conditions for the HTDS pilot plant provided additional understanding for 
controlling system operation. Problems with water condensation in cold 
spots on the solids sampling points on the HTDS pilot plant demonstrated 
that water carryover would be detrimental to operation and adequate 
protection would be required to avoid this possibility.  

Matching HTDS start up and shutdown 
with gasifier operation to minimize 
environmental issues 

Operation of the HTDS pilot plant at Eastman provided a greater 
appreciation of startup and shutdown issues. Based on this knowledge, 
start up and shutdown procedures have been developed for the 
commercial system. Procedures will be demonstrated during testing of the 
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Risk Mitigation Strategy 
50-MW demonstration unit. 

Scale up of the DSRP reactor design DSRP is a fixed bed catalytic process. Commercial understanding of scale 
up of these processes is based on a wealth of practical experience. 
However, a key assumption in this scale up process is the performance of 
the catalyst. The actual field test at Eastman is just one of four distinct field 
tests in which the DSRP process was demonstrated. In all these tests, 
catalyst performance achieved expectations. The pilot plant system at 
Eastman demonstrated 98% SO2 conversion. DSRP testing during the 50-
MW demonstration should provide additional confirmation of the catalyst’s 
performance. 

Increased operational issues 
associated with liquid sulfur 
condensation and storage resulting 
from high-pressure operation 

Sulfur condensation at cold spots is a consistent problem in small-scale 
equipment where eliminating cold spots is technically challenging. 
Commercial sulfur processing systems use full steam jacketing of the 
process piping to avoid sulfur condensation at cold spots. The DSRP pilot 
plant at Eastman used a hot oil jacket on key sulfur process piping to 
successfully condense, collect, and transfer liquid sulfur at high-pressure 
conditions. Based on the DSRP pilot plant testing and the available 
commercial and engineering knowledge relating to sulfur processing, 
dealing with the liquid sulfur product from DSRP should not be a problem. 
DSRP testing during the 50-MW demonstration should provide additional 
support for this assumption. 

Integration issues with HTDS The key issues with integration with the HTDS relate to contaminants in 
the feed gases. For the regeneration tailgas, these include O2 and sorbent 
fines. During normal operation, the regeneration tailgas should have very 
low concentrations of these chemicals (sintered metal filters remove 
sorbent fines and regenerator operation consumes all O2). However, these 
conditions might not be met during start up and shutdown of HTDS. During 
the operating stages, the regeneration tailgas would include alternative 
treatment. Specifics of this alternative treatment will be addressed during 
the 50-MW demonstration. Controlling the steam of the syngas, which can 
be easily achieved by appropriate selection of the syngas source, would 
eliminate potential corrosion issues resulting from water condensation with 
the sulfur. 

Availability of DSRP catalyst The DSRP catalyst is a sulfided version of a commercial catalyst produced 
by Sud Chemie. 

Processing of DSRP tailgas For power plant operation, the sulfur species in the tailgas can be 
converted into H2S and the tailgas recycled back into the main syngas 
stream. Because this introduces N2 into the syngas stream, this would not 
be appropriate for chemical/fuel production. However, commercial 
alternatives, like wet flue gas desulfurization systems, could be used to 
treat the DSRP tail gas. These options will be explored more in DOE 
cooperative agreement DE-FC26-05NT42459. 

 

8.4 Summary of Nexant and Noblis Studies 
As part of DOE Cooperative Agreement DE-AC26-05FT42459, RTI commissioned a study1 to 

contrast and compare the HTDS, DSRP, and fixed-bed disposal sorbents for warm syngas cleaning of 
HCl and Hg with the conventional gas cleanup technologies (Selexol™ / Claus / SCOT) used in the 
current GE reference plant. This study was commissioned to incorporate the significant advances that had 
been made in the field testing of many of the technologies in the warm syngas cleaning technology 

                                                      
1 Nexant Report: http://www.netl.doe.gov/technologies/coalpower/gasification/pubs/systems_analyses.html 
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platform. As can be seen in Table 8-5, the warm syngas cleaning technologies are estimated to have a 
significant economic advantage over the conventional technologies. 

Table 8-5. Comparison of HTDS/DSRP and Conventional Technologies 

Item IGCC base case 
IGCC with HTDS 

and DSRP 

Improvement 

Units % 
Thermal Efficiency 
 %HHV 

 
37.6 

 
41.2 

 
3.6 

 
9.6% 

Net Power  
 MWe 

 
585.0 

 
640.9 

 
55.9 

 
9.6% 

Capital Cost 
 $ MM 

 
1,114.0 

 
1,051.1 

 
62.9 

 
5.6% 

 $/kWe 1,904 1,640 264 13.9% 
Cost of Electricity 
 ¢/kW-hr 

 
7.16 

 
6.47 

 
0.69 

 
9.6% 

The increased efficiency is primarily the result of the following:  

■ The HTDS/DSRP design assumed the use of a convective syngas cooler on the gasifier exit 
syngas to raise high-pressure steam, which is then used to generate power in the steam 
turbine generator. This accounts for ~1% HHV improvement. Use of a convective syngas 
cooler could have been included in the base case but was not because it is not part of the GE 
reference plant. 

■ The DSRP reaction is exothermic and produces significant quantities of high-pressure steam, 
which is again used to generate power in the steam turbine generator. 

■ The HTDS technology reduces parasitic power requirements by ~8.1 MWe. In the reference 
plant, compressed N2 is used as a diluent in the combustion turbine for NOx control. The 
syngas fed to the combustion turbine from the HTDS technology has sufficient H2O content 
that dilution N2 is not required for NOx control, thus eliminating the N2 compression 
requirement. 

DOE has also funded Noblis to conduct a similar economic evaluation/comparison of commercial 
technologies and warm syngas cleaning technologies in association with the GE reference IGCC plant. 
Although the exact numbers differed slightly, the same trends were observed in both the Nexant and 
Noblis results. 

8.5 Preliminary Budgetary Estimate for 50-MWe 
Demonstration Plant  

As part of the commercialization effort, a preliminary design and capital cost estimate were 
prepared for a 50-MWe (~2 MM scfh syngas, dry basis) demonstration plant. The design assumed a 
retrofit into an existing IGCC plant. Tampa Electric Company’s Polk Power Station was used as the basis 
for the design and estimate. The total installed cost was estimated to be $58 MM. The main purposes of a 
demonstration plant would be to 

■ Confirm the key process design criteria (fluidization velocity, residence time, attrition rate, 
etc.) at a semi-commercial scale 
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■ Demonstrate the ability to start up and maintain the regeneration reaction and quantify the 
amount of any supplemental heat input required 

■ Accumulate additional run time to increase confidence in the technology. 

8.5.1 Introduction and Design Basis 

Based on the successful operation of the modified HTDS design in the Fall of 2006, Eastman set 
out to develop a preliminary design for a demonstration-scale unit. The Tampa Electric Company Polk 
Power Station (TPPS) IGCC plant was used as the design basis because the HTDS technology is intended 
for IGCC power applications. Eastman and RTI are very grateful to Tampa Electric Company (TECO) for 
their assistance in the effort, especially Messrs. John McDaniel and Mark Hornick. 

A nominal capacity of 50 MWe, or ~2 MM scfh (dry basis) of syngas, was chosen as the design 
basis as this represented a scale-up factor of ~200X from the HTDS pilot plant and then an additional 
scale-up of ~12X to a commercial design (600 MWe). Under these conditions, a majority of the risk 
associated with the scale up of this technology would be dealt with at the demonstration plant. A certain 
amount of risk would still exist for scale up to a commercial plant, but would be acceptable to 
competitively secure project funding. 

8.5.1.1 Integration Options 
As 2 MM scfh of syngas represented a significant fraction of the TPPS capacity, the 

demonstration plant design would have to ensure that the HTDS-processed syngas was still fit for use in 
the TPPS facility. After consulting with TECO personnel, two syngas integration options were considered 
as described below and shown in Figure 8-1: 

■ Bypass COS Hydrolysis – Syngas for the HTDS demonstration unit would be supplied from 
the discharge of the COS superheater before entering the COS hydrolysis reactor. 
Desulfurized syngas from the HTDS unit would be returned at the discharge of the COS 
hydrolysis reactor prior to the Clean Gas Preheater. 

■ Bypass Trim Cooler and MDEA Absorber – Syngas for the HTDS demonstration unit would 
be supplied from the second knockout drum in the low temperature (LT) cooling train. 
Desulfurized syngas from the HTDS unit would be returned to the discharge of the Clean Gas 
Preheater. 
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Figure 8-1. HTDS integration options. 

Option 2 would have removed syngas flow and sulfur loads from the TPPS MDEA scrubber but 
would have required that the HTDS-processed syngas meet or exceed the TPPS quality requirements for 
use in the combustion turbine. Because NH3, HCl, and other water-soluble impurities are removed in the 
condensate from the LT cooling train and/or the MDEA scrubber, bypassing these unit operations would 
likely result in higher levels of impurities in the HTDS-processed syngas. In Option 1, all the syngas 
would still be processed by the full LT cooling train and the MDEA scrubber. Thus, Option 1 has a higher 
probability of removing these impurities than Option 2 and was viewed as lower risk to the TPPS facility. 
Additionally, the HTDS demo unit and the COS hydrolysis reactor are expected to have similar pressure 
drops. Thus, Option 1, COS Reactor Bypass, was chosen as the design basis. 

Table 8-6 provides a summary of the design basis and Battery Limits Material Balance used for 
the HTDS demonstration plant, and Figure 8-2 shows the conceptual Block Flow Diagram. Significant 
differences between this design and the HTDS pilot-plant design were as follows: 

■ Heat interchange between off gases and feed gases – Both the absorber and regenerator off 
gases are used to preheat the inlet dirty syngas and regenerator oxidant via heat interchangers 
E-100 and E-300, respectively. 

■ Syngas compressor K-100 is used to offset any pressure losses through the HTDS system to 
allow the clean syngas to flow back into the TPPS process.  

■ Compressor K-300 is used to pressurize the oxidant feed (blend of air and dry N2) to the 
regenerator.  
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■ Compressor K-500 is used to supply dry N2 to aerate the sorbent standpipes and back pulse 
the filters. 

■ The absorber design was modified to be one continuous diameter from syngas inlet to the 
discharge to the cyclone. The HTDS pilot-plant design used a larger diameter mixing zone 
(D-210) and then transitioned to a smaller diameter riser (D-220). 

The SO2-containing regeneration off gas (ROG) stream would be fed into an existing nozzle on 
the waste heat boiler of the TPPS sulfuric acid plant. The HTDS design must take care not to 
overpressurize the waste heat boiler as it operates at a slight negative pressure. 

Table 8-6. High Temperature Desulfurization Demonstration At Teco Polk Power Station Battery 
Limits Material Balance Mass Basis 

Sulfur Removed 1,844 lb/hr 99.8%

Process  Conditions
Temp (F)
Press (psig)
Component lb/hr % lb/hr % lb/hr % lb/hr % lb/hr %
Syngas 115,152 66.7% 115,182
H2S 1,869 1.1% 1 6 ppm
COS 165 959 ppm 0 1 ppm
H2O 47,133 27.3% 48,942 24.0%
N2 8,301 4.8% 39,434 97.7% 8,878 77.2% 39,567 19.4% 17,155 82.3%
O2 - 0.0% 919 2.3% 2,615 22.8% - 0.0%
SO2 - 0.0% - 0.0% 3,688 17.7%

Total (wet basis) 172,622 100.0% 203,692 677.0%
(dry basis) 125,488 40,353 100.0% 11,493 100.0% 154,750 20,843 100.0%

350
85
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348
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Figure 8-2. Block Flow Diagram for HTDS demonstration plant. 

8.5.2 Division of Engineering Effort 

The engineering effort to develop the preliminary design and capital estimate was divided 
between Eastman Chemical Company, Day & Zimmerman Engineering & Construction Services, and 
Mustang Tampa, Inc (MTI; Note: Mustang Tampa, Inc. has since changed their name to PegasusTSI.). 
The preliminary heat and material balance (HMB) and preliminary sizing of the transport reactor system 
components were prepared by Jerry Schlather of Eastman based on his experience with the HTDS pilot-
plant operations. The remaining activities were performed as follows: 

■ Day & Zimmerman 
– Preliminary Block Flow Diagram (BFD) 
– Preliminary Process Flow Diagrams (PFD) 
– Preliminary Equipment List, including sizes and materials of construction 
– Preliminary Area Hazard Classification 
– Preliminary Process Hazard Analysis 

■ MTI 
– Equipment cost 

(Budget quotes were obtained for non-standard items; Standard equipment items were 
estimated from Mustang’s database.) 

– Preliminary equipment layouts 
– Preliminary structural design 
– Preliminary routing of all major lines 
– Budget estimate (±20%) 
– Preliminary project schedule 
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Day & Zimmerman was selected as they were the standard engineering contractor at Eastman’s Kingsport 
site, and they were assigned any task that did not require access to the TPPS site. MTI was selected 
because of their previous experience at TPPS and their proximity to the site. Hence, MTI was assigned all 
tasks that required access to the TPPS site. 

8.5.3 Design of Transport Reactor System 

The transport reactor system was designed based on the operating experience of the HTDS pilot 
unit at Eastman’s commercial gasification facility. The absorber was sized to produce a total sulfur 
concentration of 5 ppmv or less in the desulfurized syngas, thus removing over 99.9% of the sulfur. The 
reactor components were designed of refractory-lined pipe, and the pilot unit was constructed of high-
temperature alloys. The heat balance indicated that the HTDS demonstration plant would not need any 
supplemental heat input once operating conditions were established. Proprietary designs that will enable 
the system to achieve normal operating temperatures were incorporated. 

8.5.3.1 Refractory Thickness 
If the outside wall temperature of refractory-lined equipment is allowed to cool below the dew 

point of the process gases, condensation may occur on the inside wall of the vessel. If acid gases are 
present, significant corrosion can occur to the vessel wall. As carbon steel vessels were planned for their 
lower cost, the design must ensure that the wall temperatures are above the dew point of the gas. 
Engineering calculations were performed to predict the external wall temperature as a function of 
refractory thickness. Thermax® castable refractory was assumed, and Refractory thickness was then 
adjusted until the wall temperature was at least 25 °F above the dew point (to allow a reasonable safety 
margin). 

8.5.3.2 Off Gas Filters 
Process conditions (flow, temperature, and pressure) were supplied to Pall Corporation, which 

then provided preliminary sizing and budget quotes for the off gas filters. 

8.5.4 Capital Cost Estimate 

To prepare the capital cost estimate, MTI identified all process tie-in points, developed 
preliminary plot plans, equipment layouts, structural design, and piping arrangements. The actual direct 
costs were first estimated based on the preliminary design. Indirect costs were then factored from the 
direct cost totals. MTI classifies total installed cost (TIC) estimates based on the amount and quality of 
information available at the time the estimate is developed. This estimate is classified as a Budget 
Estimate with an accuracy of ±20%. 

Key elements of the estimate basis are included as follows: 

Process Equipment. The majority of the process equipment items have been quoted or MTI has 
used historical pricing for the estimate. MTI’s estimating group developed the installation hours for each 
equipment item using MTI’s standard rates, which are based on U.S. Gulf Coast rates. 
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Piping. Piping material quantities were developed using the piping arrangements and plot plans. 
Vendor quotes were received for the transport reactor sections, which were treated as refractory-lined 
pipe. Historical data were utilized for the remaining items. MTI’s estimating group developed the 
installation hours based on MTI standard estimating rates. 

Insulation. Insulation quantities were developed for piping based on the line list, which indicates 
insulation requirements. Process/Mechanical equipment insulation quantities were developed by MTI’s 
Mechanical group. Pricing of insulation is based on historical unit rates. 

Electrical. A budget was prepared using historical and list pricing data for electrical equipment 
and the four medium voltage motor control centers (MCC). Quantities were developed for all electrical 
bulks and a 4160V, 3750KVA transformer utilizing equipment location plans, plot plans, and PFD’s. 
Historical pricing was used for all bulk materials. MTI’s estimating group developed the installation 
hours based on MTI standard estimating rates. 

Instrumentation. Vendor e-mail quotes were received for the DCS/PLC system and associated 
configuration. All other instrumentation systems were estimated based on historical data. All bulk 
materials were priced on the basis of recent project purchases or historical data. MTI’s estimating group 
developed the installation hours based on MTI standard estimating rates. 

Structural. Structural steel quantities were developed by MTI’s Civil/Structural group. MTI’s 
estimating group developed the installation hours based on MTI standard installation rates. Material 
pricing is based on recent vendor quotes received from within the region. 

Direct Manual Labor & Allowances. The average all-in direct field rate was included at $50 per 
hour, which includes benefits, small tools, consumables, and field office expenses. A productivity factor 
of 1.20 was included and is compared to U.S. Gulf Coast installation rates. 

Engineering and Procurement. The engineering and procurement budget has been set based on 
MTI’s 12% of the Total Installed Cost (TIC). 

Training, Commissioning, Startup, and Testing. A total cost allowance of 5.5% of the total 
installed cost has been included for these activities. 

Escalation. Escalation was estimated at 8% for one year and excludes major equipment, 
engineering, procurement, and construction management. 

Contingency. An amount of 10% of total project costs, less the total for escalation, was provided 
to cover the cost for unforeseeable but anticipated capital expenditures (i.e., unusual weather conditions, 
labor problems, increases in material or labor costs not covered by contractual provisions, items 
inadvertently left out of the estimate, delays in deliveries of equipment or materials, etc…). The 
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contingency does not cover the costs of additional work associated with scope changes proposed after this 
estimate. 

Estimate Exclusions. The estimate does not include the following costs: 

■ Owners’ costs 
■ Preliminary engineering / project costs 
■ Permitting 
■ Abatement of any contaminated soils or materials 
■ Underground interferences 
■ Sales tax 
■ Contractor’s all risk insurance 
■ Cost for usage of electrical power and potable water 
■ Emergency power 

The Total Installed Cost (TIC) of the HTDS demonstration plant is estimated to be $57.8 MM in 2007 $ 
(±20%) and is summarized in Table 8-7. Equipment costs account for 29.0% of the TIC. The majority of 
the equipment costs are due to the three compressors. A second round of budget quotes was carried out in 
an attempt to find a lower-cost compressor supplier; however, the savings were not significant compared 
to the TIC. The next largest cost item is piping at 15.9% of TIC. This line item includes the refractory-
lined transport reactor sections, which some might consider as equipment. Instrumentation and structural 
steel account for 5.1% and 3.8% of TIC, respectively. MTI used their in-house experience and delivery 
schedules supplied with vendor quotes to establish the preliminary project schedule shown in Figure 8-3. 
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Table 8-7. Summary of Capital Cost Estimate 
MUSTANG

Client      : Eastman Chemicals TAMPA, INC.
Project    : Warm Gas Desulfurization Date:   
Location  : Teco Polk Power Station Priced by:    MVP/DWW/M

Job No.    : T07041  
EPC Estimate   +/-20%

ACCT DESCRIPTION MANHOURS LABOR MATERIAL SUBS TOTAL % TIC

1000 - 2900  PROCESS EQUIPMENT 5,490 $274,500 $15,970,290 $532,150 $16,776,940 29.0%

3000  U/G PIPE, SEWERS  (Allowance Only) 1,940 $97,000 $130,000 $227,000 0.4%

3200  PIPING 70,782 $3,539,100 $3,618,384 $2,019,000 $9,176,484 15.9%

3300  PAINTING $59,024 $59,024 0.1%

3400  INSULATION $198,011 $198,011 0.3%

3500  ELECTRICAL 5,929 $296,460 $562,420 $858,880 1.5%

3600  INSTRUMENTATION 21,349 $1,067,460 $1,668,050 $185,000 $2,920,510 5.1%

3700  GENERAL FACILITIES (Fire Proofing/Sprinklers/ Fire Protection) 11,856 $592,800 $494,000 $1,086,800 1.9%

4000  SITE PREPARATION 398 $19,920 $19,920 0.0%

4100  PILING & SOIL STABILIZATION
4200  CONCRETE 8,600 $430,020 $274,290 $704,310 1.2%

4300  STRUCTURAL STEEL 18,816 $940,800 $1,258,550 $2,199,350 3.8%

4400  ROOFING & SIDING
4500 -4700  BUILDINGS $50,370 $50,370 0.1%

DIRECT FIELD COST 145,161 $7,258,060 $23,975,984 $3,043,555 $34,277,599 59.3%

5000 SALES & USE TAX   Excluded
6100 TEMPORARY FACILITIES $396,615 $396,615 0.7%

6200-6300 SMALL TOOLS, CONSUMABLE SUPPLIES w/WageRate
6400 CONSTRUCTION EQUIPMENT $1,189,846 $1,189,846 2.1%

6500 FIELD OFFICE EXPENSE w/WageRate
7400 NON-PRODUCTIVE, SHOW-UP, PREMIUM TIME $435,484 $435,484 0.8%

7500 PRT & I, BENEFITS (Craft) w/WageRate
7600 FIELD SUPERVISION $1,088,709 $1,088,709 1.9%

INDIRECT FIELD COST $1,524,193 $1,189,846 $396,615 $3,110,654 5.4%

TOTAL FIELD COST 145,161 $8,782,253 $25,165,829 $3,440,170 $37,388,252 64.7%

8000 ENGINEERING AND SERVICES - DETAIL DESIGN  $6,954,000 12.0%

OWNERS COSTS - PRE-PROJECT / ENGINEERING / TRAVEL / ETC… Excluded
7300 OPERATOR TRAINING $282,000 0.5%

7200 PRE-COMMISSIONING/ COMMOSSIONING/ OPERATING & COMMISSIONING SPARES $638,000 1.1%

7400 CAPITAL SPARES $168,000 0.3%

7100 STARTUP, TESTING, TRAINING AND VENDOR SUPPORT $638,000 1.1%

8700 CONSTRUCTION MANAGEMENT $2,318,000 4.0%

PROFESSIONAL SERVICES $10,998,000 19.0%

7800 BUILDING PERMIT, LICENSES, CONSTRUCTION BONDS By Others 
7810 FREIGHT (Bulks Only) $370,000 0.6%

9100 CONTRACTORS FEES ON MATERIALS $953,000 1.65%

9800 CONTINGENCY 10.00% $4,971,000 8.61%

ESCALATION @ 8% 8.00% $3,076,000 5.33%

TOTAL - EPC Estimate   +/-20% $57,756,000

07/02/07
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Figure 8-3. HTDS demonstration plant EPC schedule. 

8.6 Conclusions 
A preliminary design was generated for a nominal 50-MWe HTDS demonstration plant using the 

TPPS as the basis site. The syngas processed by the HTDS demonstration plant was assumed to bypass 
the TPPS COS Hydrolysis reactor, and about 1,844 lb/hour of sulfur would be removed. The desulfurized 
syngas would be returned to the TPPS Low Temperature (LT) cooling train and would be processed 
through the TPPS MDEA absorber with the rest of the syngas. 

The preliminary design included the preparation of heat and material balances, block flow 
diagram, process flow diagrams, equipment sizing, plot plant, equipment layouts, structure design, and 
piping arrangements. A budget estimate (±20%) and preliminary project schedule were also prepared. 

While the $57.8 MM TIC was about twice what the team members had initially expected, in the 
end, the team felt it was a reasonable estimate of the project’s cost. Because the 50-MW design basis was 
chosen to help mitigate the scale up risk between a demonstration and a commercial plant, altering the 
design basis for the demonstration plant might reduce the cost of the demonstration plant and yet only 
slightly increasing the risk associated with final scale up to a commercial plant. While reducing the size of 
the demonstration plant might reduce the cost, this decrease is expected to be only minor. The lower size 
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of demonstration plant, that would still deal with a majority of the scale up risk from the pilot plant but 
would not inhibit scale up to a commercial plant, would be roughly 25 MW. Because the actual test site 
was seen to also significantly affect project cost, additional efforts to refine this budgetary estimate for the 
demonstration plant were postponed pending better definition of the host site and available financing 
options.  
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Acronyms and Abbreviations 

1H NMR proton nuclear magnetic resonance 
CVAAS cold vapor atomic absorption spectroscopy 
CVX ChevronTexaco 
DOE U.S. Department of Energy 
DSC differential scanning calorimetry 
DSRP Direct Sulfur Recovery Process 
Eastman Eastman Chemical Company 
FAB-MS fast atom bombardment mass spectrometry 
FCC Fluid catalytic cracking 
FFV fractional free volume 
FTIR Fourier Transform Infrared 
GCs gas chromatographs 
GE General Electric 
GFEP Ground fault equipment protection 
GHSV gas hourly space velocity 
GPC Gel Permeation Chromatograph 
HCPK hydroxycyclohexyl phenyl ketone 
HTCR High-Temperature CO2 Removal 
HTDS High-Temperature Desulfurization 
I/O input/output 
IGCC Integrated Gasification Combined Cycle 
JDA Joint development agreement 
KBR Kellogg Brown and Root 
KO knockout 
Li4SiO4 lithium silicate 
m/z mass/charge 
M/ΔM instrumental resolution 
MDEA methyldiethanolamine 
MFCs mass flow controllers 
MNBA m-nitrobenzylic alcohol 
MS Mass Spectrometry 
MTDC Montebello Technology Development Center 
NETL National Energy Technology Laboratory  
NMR Nuclear Magnetic Resonance 
PALS Position Annihilation Lifetime Spectroscopy 
PC polycarbonate 
PEGA poly(ethylene glycol) acrylate 

AA-1 



AA-2 

PEGDA poly(ethylene glycol) diacrylate 
PEGMEA poly(ethylene glycol) methyl ether acrylate 
PEI polyethylenimine 
PMVE perfluoromethyl vinyl ether 
PPGMEA poly(propylene glycol) methyl ether acrylate 
PSA pressure swing adsorption 
PSDF Power Systems Development Facility 
PSF polysulfone 
PTMSP poly(1-trimethylsilyl-1-propyne) 
QC quality control 
RGU Research Gasifier Unit 
ROG regeneration off gas 
RS1 “reverse-selective 1” (alternative name used for polyester-polyether) 
RSD standard deviation relative to the average 
SCI Süd-Chemie, Inc 
SiR-PPG silicone-rubber-polypropylene glycol copolymer 
SR silicone rubber 
TCDs thermal conductivity detectors 
TFE tetrafluoroethylene 
TGA thermogravimetric analysis 
TMAF·4H2O tetramethyl ammonium fluoride tetrahydrate 
TMS tetramethylsilane 
TRTU transport reactor testing unit 
UT The University of Texas 
WAXD Wide Angle X-Ray Diffraction 
WGS water gas shift 
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2004 R&D 100 Awards 
Entry Form 

March 31, 2004 
 
1.  Submitting Organization 
 
Organization Name RTI International1 (RTI) 
Address 3040 Cornwallis Road 
City Research Triangle Park (RTP) 
State North Carolina (NC) 
Zip 27709 
Country USA 
Submitter’s Name Raghubir P. Gupta 
Phone 919-541-8023 
Fax 919-541-8000 
Email gupta@rti.org
 
AFFIRMATION:  I affirm that all information submitted as part of, or supplemental to, this entry 

is a fair and accurate representation of this product. 

 
Raghubir P. Gupta  

 
2.  Joint Entry with… 
 
Not Applicable.  This is not a joint entry. 
 
3.  Product Name 
 
T-2749, Fluidized-bed Desulfurization Sorbent 

 

[The T-2749 name is a product code of the commercial catalyst manufacturer, Süd-
Chemie, Inc. (SCI).  In 2002, RTI and SCI established an alliance in which SCI 
could acquire manufacturing and marketing rights for catalyst and sorbent 
technology developed at RTI.  At that time, SCI and RTI were involved in scale-up 
activities for the production of a sorbent known as RTI-3.  Based on promising 
results obtained during testing and production scale-up, several commercial orders 
for RTI-3 were issued to SCI.  For these commercial batches, SCI assigned the 
sorbent a product code name of T-2749.  Thus, the name of the commercial 
product became T-2749.  This product designation issue must be clarified up front 
because many papers, reports and documents relating to the development and 
testing of T-2749 refer to the sorbent as RTI-3.] 

 

 

                                                 
1 RTI International is a trade name of the Research Triangle Institute 

 1
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4.  Briefly describe what the entry is: 

 
T-2749 is a highly effective, attrition-resistant, and regenerable solid sorbent for use in fast 

fluidized-bed (“transport”) reactors to remove gaseous sulfur contaminants from high temperature 

synthesis gas.  Photographs of the T-2749 sorbent product can be found in Appendix A.  Physical 

samples (small vials) are included with this application.  

 
5.  When was this product first marketed or available for order? 
 
September 2003 (See Appendix B for proof of sale). 
 
6.  Inventor(s) or Principal Developer(s) 
 
The T-2749 sorbent has three credited inventors/developers.  All three developed the sorbent while 

working at the same organization, RTI International. 

 
Developer Name Dr. Santosh K. Gangwal 
Position Senior Program Director 
Phone 919-541-8033 
Fax 919-541-8000 
Email skg@rti.org
Developer Name Dr. Raghubir P. Gupta 
Position Research Director 
Phone 919-541-8023 
Fax 919-541-8000 
Email gupta@rti.org
Developer Name Dr. Brian S. Turk 
Position Senior Research Engineer 
Phone 919-541-8024 
Fax 919-541-8000 
Email bst@rti.org
Organization Name RTI International (RTI) 
Address 3040 Cornwallis Rd. 
City Research Triangle Park (RTP) 
State North Carolina (NC) 
Zip 27709 
Country USA 

 
 
7.  Product Price 
 
Süd-Chemie, Inc. charges $ 9.53 / lb. for small batches.  The price is expected to decrease to as low 

as $7.00 / lb. as purchase quantities increase.  See support letter from SCI in Appendix F. 
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8.  Do you hold any patents or patents pending on this product? 
 

Yes (Patent pending):  U.S. Patent Office Serial Number 10/670,206, filed on September 

26, 2003, “Zinc Oxide Based Sorbents and Processes for Preparing and Using the Same.”  For 

space considerations, a copy of the patent application has not been included in this award 

application.  If a copy is desired, please contact Thomas Nelson using the contact information in 

Section 13, Organization Data.   

The product T-2749 is a result of many years of solid sorbent desulfurization research at 

RTI International.  As a result, several patents have been obtained by RTI in connection with the 

development of the T-2749 sorbent.  These patents are as follows: 

• 5,254,516 – Fluidizable zinc titanate materials with high chemical reactivity and 

attrition resistance  

• 5,714,431 – Zinc Titanate sorbents 

• 5,972,835 – Fluidizable particulate materials and methods of making same 

• Patent Application – U.S. Patent Office Serial Number 09/541,204, filed on April 3, 

2000, “Attrition Resistant Zinc Titanate-Containing Reduced Sulfur Sorbents” (claims 

allowed; patent not yet issued) 

 

9.  Describe your product’s primary function as clearly as possible. 
 
 The T-2749 sorbent functions as a regenerable sulfur removal (desulfurization) sorbent for 

synthesis gas (commonly referred to as “syngas”) generated during the gasification of 

carbonaceous feedstocks (mainly coal).  The sorbent primarily targets reduced sulfur species, such 

as hydrogen sulfide (H2S) and carbonyl sulfide (COS).   

Gasification, as opposed to combustion, is the most thermally efficient and cleanest way to 

convert the energy content of coal into electricity, hydrogen, clean fuels, and value-added 

chemicals.  The product of gasification – the syngas – is a mixture of hydrogen and carbon 

monoxide.  Pure hydrogen can be separated from this stream, and the mixture can be used to make 

chemicals or liquid fuels. 

In order to generate electricity, the syngas is used to drive a gas turbine connected to an 

electric power generator.  In addition, excess process heat is used to raise steam, which is 

subsequently used to generate electrical power with a steam turbine.  The integration of syngas and 

steam turbines with gasification results in the process commonly referred to as the Integrated 

Gasification Combined Cycle (IGCC).  Electric utility power plants based on IGCC are recognized 
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as having significant environmental and thermal efficiency advantages over the current installed 

fleet of combustion-based coal-fired power plants.  A schematic of an IGCC system can be found 

in Appendix C.   

The projected thermal efficiency of IGCC systems is about 45% compared to <35% for the 

coal combustion systems.  Furthermore, IGCC offers a potential of achieving essentially zero 

emissions of the major air pollutants that typically result from coal combustion, such as sulfur 

dioxide (SO2), nitrous oxides (NOx), mercury, and particulates.   

Sulfur is a major contaminant in coal that gets converted into hydrogen sulfide (H2S) and 

carbonyl sulfide (COS) during gasification.  These reduced sulfur contaminants, if not removed to 

low levels, can damage downstream process equipment (turbines, fuel cells) and poison process 

catalysts.  Furthermore, H2S and COS are of environmental concern: when the syngas is combusted 

in the gas turbine these compounds are converted to sulfur dioxide (SO2), a criteria pollutant and a 

precursor to acid rain.  In order to protect process equipment and meet environmental 

regulations, H2S and COS must be removed from the syngas to extremely low levels – typically 

below 20 parts per million by volume (ppmv). 

Currently, solvent-based processes are the most widely used technology for sulfur control.  

These systems are not ideal for IGCC, however, because they require the syngas to be cooled to 

essentially ambient temperatures for these solvents to function.  This cooling eliminates some of 

the thermal efficiency advantage of the IGCC system.  It also increases the amount of equipment 

needed to remove sulfur, such as heat exchangers, thus raising the overall capital cost of an IGCC 

system.  In order to retain IGCC’s thermal efficiency and economic advantage, removal of sulfur 

must occur at temperatures as high as 500 to 1000oF.  Prior to the introduction of T-2749, the best 

technologies available for sulfur control at these temperatures were solid, fixed-bed, metal oxide 

sorbents.  These sorbents operate effectively in the 500-1000oF temperature range, meeting the 

desired criteria for desulfurization of syngas generated in IGCC.  However, fixed-bed systems 

themselves have several major operational problems.  It is recognized that a fast circulating 

fluidized-bed reactor (commonly known as a “transport reactor”) can overcome these 

problems and make IGCC more cost-competitive with combustion-based power plants.  

Transport reactors do this by offering the following advantages: 

• Excellent temperature control during sorbent regeneration; 

• Superior gas-solid contact, resulting in more efficient sulfur removal; and, 

• Higher throughput, resulting in smaller equipment size, thus reducing the overall capital 

cost of the system. 
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To realize the benefits of a transport reactor, however, a specialized sorbent is needed that is 

able to withstand the harsh conditions within the reactor.  Until today, no sorbent had 

combined the high reactivity required to achieve the desired sulfur removal in very short gas 

residence times (2 to 10 seconds), the hardness needed to withstand the constant circulation and 

fluidization, and the efficient and continuous regeneration needed to cut sorbent inventory costs.  

The T-2749 sorbent is the first product to meet these demands.  T-2749’s unique composition 

and production process make it ideal for high temperature desulfurization in a transport reactor.     

The key to this product’s effectiveness is the incorporation of zinc oxide (ZnO) in the 

sorbent’s make-up.  Zinc oxide reacts readily with H2S and COS to remove these species from 

syngas by forming zinc sulfide (ZnS). The reactions are: 

       ZnO(s) + H2S(g) º ZnS(s) +H2O(g)                        [1]  

                   ZnO(s) + COS (g) º ZnS(s) + CO2(g)         [2] 

Since syngas contains both steam (10 to 60 vol%) and carbon dioxide (5 to 15 vol%), the chemical 

equilibrium determines the lowest possible concentrations of H2S and COS that can be achieved by 

the sorbent.  At temperatures of 500 to 1000ºF in syngas, the equilibrium sulfur concentration (total 

H2S and COS) ranges from 0.1 to 15 parts per million by volume (ppmv) depending on the starting 

composition of the syngas.  T-2749 can readily remove sulfur to these equilibrium 

concentrations due to the rapid kinetics (fast reaction rates) of reactions [1] and [2].  This high 

reactivity (fast kinetics) is ideal for a transport reactor because of the short contact time possible 

with that design: the sorbent is in contact with the syngas for only 2 to 10 seconds.   

Removal of sulfur occurs within the “absorption” loop of a transport reactor. (A schematic 

of a transport reactor is provided in Appendix D.)  The hot syngas is introduced into the mixing 

zone at the bottom of the absorber riser.  The gas reacts with and entrains the solid particles of 

T-2749 sorbent and carries them up the absorber riser.  The solids drop out in the cyclone at the top 

of the absorber standpipe, and the desulfurized “product” syngas, containing less than 15 ppmv of 

H2S and COS, is sent downstream to a gas turbine for electricity production.  The partially sulfided 

T-2749 particles drop down the standpipe, from where most of the sorbent recycles continuously to 

the mixing zone for recirculation.  A small portion of the sulfided sorbent flows into a second loop; 

the “regeneration” loop.  Using preheated air, or a combination of preheated air and nitrogen, the 

sulfided sorbent is regenerated and conveyed up through the regeneration riser.  The sorbent is 

regenerated by exposure to oxygen according to the exothermic reaction: 

ZnS(s) + 1.5 O2(g) → ZnO(g) + SO2(g).    [3] 

The regenerated sorbent separates out in the cyclone, and drops into the regeneration 

standpipe from where it mixes with the partially sulfided sorbent that is circulating in the absorber 
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loop.  The regeneration off-gas (“tail gas” on the drawing in Appendix D), a mixture of nitrogen 

and SO2, leaves from the cyclone at the top of the regenerator standpipe and is sent for further 

processing.   

The regeneration reaction [3] is highly exothermic (heat generating).  Serious temperature 

gradients and excessive temperatures can occur if this heat is handled properly.  During 

regeneration, a sorbent must not only exhibit the ability to convert ZnS back to ZnO, but it must 

also maintain its crystal structure and pore size distribution for efficient sulfur removal upon 

subsequent exposure to raw syngas.  Since these sorbents are expected to last through thousands of 

absorption and regeneration cycles, the chemical composition and crystallographic structure of the 

sorbent are critical properties that must be optimized for long-term sulfur activity.  T-2749 exhibits 

an especially stable crystallographic structure by supporting the reactive zinc oxide on zinc 

aluminate.  The zinc aluminate keeps the sorbent from collapsing and losing its structure over 

multiple desulfurization cycles.  Zinc aluminate is also non-reactive with ZnO and ZnS, eliminating 

the potential for metal-support interactions of the type that cause deactivation in a number of 

commercial catalysts involving alumina supports. 

 In addition to providing a stable structure for chemical transformation between ZnO and 

ZnS, the zinc aluminate also provides extremely high mechanical strength.  Mechanical 

strength (measured as “attrition resistance” in the catalyst industry) is very important for a material 

used in a transport reactor.  As the sorbent is circulated and fluidized in the reactor, it repeatedly 

collides with the reactor walls and other solid particles at high velocities (15 to 30 ft/s).  Without 

adequate mechanical strength, the sorbent would be rapidly ground to a fine powder and blown out 

of the reactor with the syngas. T-2749’s zinc oxide/zinc aluminate structure has an attrition 

resistance that is nearly identical to fluid catalytic cracking (FCC) catalysts; used widely in 

petroleum refining.  These FCC catalysts are typically the benchmark for high attrition resistance 

materials. 

 The T-2749 sorbent represents a true breakthrough in desulfurization technology 

because it is the first high temperature, regenerable, sulfur control sorbent with the necessary 

physical and chemical properties for transport reactor applications.  

 

10A.  List product’s competitors by manufacturer, brand name, and model number. 
 

Since T-2749 is the only high temperature, regenerable, sulfur removal sorbent for use in a 

transport reactor, it currently has no direct competition.  Competition for T-2749 comes from other 

(non fluidized-bed sorbent) technologies and other products that are currently used for sulfur 
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removal.  These competitors can be divided into two broad categories: solid sorbents and solvent-

based desulfurization technologies.  

Within solid sorbent technology, competition comes from a host of sorbents suitable for 

fixed-bed desulfurization systems.  These include the RVS-1 sorbent, zinc oxide guard beds, and 

activated carbon guard beds.  A partial list of the manufacturers of these products is provided in 

Table 1. 

Solvent-based desulfurization technologies have been around longer and are used more 

widely by industry than are solid sorbents.  Some examples include the chemical solvent processes 

using alkanolamines (particularly methyldiethanolamine – MDEA), the chemical solvent processes 

using alkaline-salt solutions, and physical solvent processes using dimethyl ether or methanol.  

Table 1 also includes a listing of different companies that produce and market solvents for these 

processes. 

Table 1:  Competing Desulfurization Products, Technologies, and Product Manufacturers 
 

Desulfurization 
Material 

Reactor Design Competing 
Product 

Regenerable Manufacturer 

Solid Sorbent Transport 
Reactor None   

Solid Sorbent Fixed-bed RVS-1 Yes SCI 

Solid Sorbent Guard-bed ZnO guard material No 
Englehard, SCI, 

Haldor-Topsoe, and 
Johnson Matthey 

Solid Sorbent Guard-bed Activated Carbon No Calgon Carbon, 
Norit, SCI 

Liquid Solvent Scrubbing 
Tower 

Chemical solvents 
(MDEA, 

Alkaline-salts) 
Yes 

BASF, Shell, UOP, 
ExxonMobil, and 
Dow Chemical 

Liquid Solvent Scrubbing 
Tower 

Physical Solvents 
(Dimethyl Ether, 

Methanol) 
Yes 

BASF, Shell, UOP, 
ExxonMobil, and 
Dow Chemical 

 
10B.  Supply a matrix showing how the key features of your product compare to 
existing products or technologies. 
 

 As stated in the response to Question 10A, T-2749’s competition in the desulfurization 

market comes from other types of solid sorbents, and from liquid solvent-based desulfurization.  In 

order to compare the T-2749 sorbent to products in each category, this question is being answered 

with two matrices.  The two matrices will help to clarify why T-2749 is superior to each 

desulfurization product.  Also, since the T-2749 sorbent and transport reactor technology are so 
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tied together, it is useful to compare reactor technologies (fixed-bed, transport, etc.) in addition to 

comparing the products themselves.  The transport reactor system is proven, decades-old 

technology (fluid catalytic cracking used in petroleum refining is the best example), but it is 

the invention of T-2749 that finally makes transport reactors a viable technology for sulfur 

removal applications.  The two matrices that follow list the key factors involved in each 

technology. 
 

Solvent-based Products 
 
 Table 2 is the comparative matrix for T-2749 and solvent-based desulfurization processes. 

Solvent-based systems are potentially T-2749’s strongest competition.  These technologies 

represent the most frequently applied sulfur removal products as they have extensive commercial 

experience in many applications.  The necessary products, processes, engineering experience and 

knowledge associated with these technologies are readily available.  They are old, proven, and 

turnkey.  However, these products do not always represent the most economic solution for sulfur 

control.  They have been adapted for many applications, exploiting their commercial availability 

and low technological risk, despite many technical problems and limitations. 
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Table 2:  T-2749 Compared to Solvent-based Desulfurization Technologies 
 
Product 
Feature 

T-2749 
Sorbent 

MDEA, 
Amine 

Scrubbing 

Rectisol, 
Methanol 

Scrubbing 
Competitive 

Advantage of T-2749 

Cleaning 
Temperature 

500 – 1000oF 
(260 – 538oC) 

60 – 140oF 
(16 – 60oC) 

-40 – (-80oF) 
(-40 – (-62oC)) 

• Avoids syngas cooling 
• Avoids sorbent sub-ambient  

cooling 
• Temperature range allows 

for higher thermal efficiency 
in overall system 

Cleaning Efficiency 
 

(7,000 ppmv sulfur 
in syngas to start) 

Down to 
< 5 ppmv 

Down to 
~ 100 ppmv 

Down to 
~ 0.1 ppmv 

• Superior to MDEA cleaning 
• By EPA standards, cleaning 

is just as good as Rectisol 
• Exceeds EPA regulations 

Sulfur Capacity 
(wt%) 7 – 11 0.00028 – 0.62 NA • More sulfur uptake means 

less product needed 

Efficiency for COS 
Removal Excellent Poor Excellent 

• Superior to MDEA 
• Eliminates need for 

separate COS removal 
system 

Promotes Thermal 
Efficiency Yes No No 

• No syngas cooling required 
• Eliminates need for 

expensive heat exchange 
equipment 

Use in Advanced 
Gasification 

Systems 
Recommended Not 

Recommended 
Not 

Recommended 

• Retains thermal efficiency 
• Keeps IGCC competitive 

with conventional power 
generation 

Capital Cost of 
Clean-up System 

($ million for a 
250 MWe plant)2

43.1 48.2 77.3 

• Estimated costs show 
significant savings over 
MDEA and Rectisol 
processes 

 

Solid, Fixed-bed Products: 
 
 As mentioned in Question 10A, T-2749’s competition within the category of solid 

desulfurization sorbents comes from the fixed-bed materials that are available: RVS-1 sorbent, zinc 

oxide guard beds, and activated carbon guard beds.  In July 2000, RVS-1 was awarded an R&D 

100 award for being a significant technological breakthrough in the area of desulfurization.  The 

RVS-1 sorbent was given this distinction in large part because it proved superior to zinc oxide and 

activated carbon guard beds for sulfur removal (as well as being superior to solvent-based 

desulfurization systems).  RVS-1 is a regenerable, high-temperature, fixed-bed sorbent that is 

                                                 
2 Analysis provided by ChevronTexaco for their high-performance quench gasification system. 
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robust enough to handle the thermal stresses of absorption and regeneration cycling.  The other 

sorbents are suitable only as single-use (non-regenerable) sorbents that “guard” downstream 

process equipment by removing final traces of sulfur species in syngas.  These disposable sorbents 

are not economical as a primary sulfur control technology and were eliminated from the 

comparative matrix.  Instead, it is more useful to compare the T-2749 sorbent solely to the RVS-1 

sorbent.  Table 3 focuses on the key features of each product, but also includes significant 

comparison of the distinct reactor technologies.  (The features of cleaning efficiency, cleaning 

temperature, and regenerability were left off Table 3, because the two sorbents perform very 

closely in these categories).   
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Table 3:  T-2749 and Transport Reactor Technology Compared to                                      
RVS-1 and Fixed-Bed Technology 

Product Feature T-2749 Sorbent RVS-1 Sorbent Competitive Advantage 

Physical Form 40 – 150 micron 
Particles 

3 – 4 mm 
Pellets 

• Allows for fluidization in transport 
reactor 

• Effectively handles any remaining 
particulates in gasified syngas 

Reactor Volume 
Required 

(to clean 17,200 scfh 
syngas containing 
7,000 ppmv sulfur) 

2.8 ft3 17 – 25.5 ft3 • Decreases size of equipment needed 
to clean same amount of gas 

Reactivity 1-2 wt% in 10 sec N/A 
• Sorbent cleans effectively even with 

gas residence times of 5-10 seconds 
in transport reactor 

Durability in Transport 
Reactor Excellent 

Poor 
(Not for Fluid-bed 

applications) 

• Allows for use of transport reactor for 
desulfurization 

Durability under 
Thermal and Chemical 

Cycling 
Excellent Moderate • No material loss was observed 

• No reactivity loss over multiple cycles 

Selling Price ($/lb) $9.53 $10.00 • Price expected to decrease to $7.00/lb 
with larger batches 

Technology Feature Transport 
Reactor 

Fixed-Bed 
Reactor Competitive Advantage 

Temperature Control 
during Regeneration Excellent Poor 

• Reduces thermal stress on sorbent, 
keeps entire bed at desired 
temperature 

• Eliminates need for dilute nitrogen in 
the regeneration gas stream 

Gas Throughput Very High High • More gas cleaned in less reactor 
volume 

Gas-to-Sorbent Contact Excellent Moderate • More efficient sulfur removal 

Equipment Footprint Small Large • Less capital cost associated with 
smaller equipment 

Sorbent Inventory Low High • Less sorbent needed for same 
desulfurization duty 

High Temperature 
Switching Valves Not needed Needed 

• Avoids difficulties and added costs of 
operating switching valves at high 
temperature 

 

Solid, Fluidized-bed Products: 

 T-2749 is the only product in this category, therefore a comparative matrix is not provided.  

A discussion on research efforts in this area is provided in the response to Question 10C (under the 

“Solid, Fluidized-bed Products” sub-heading). 
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 10C.  Describe how your product improves upon competitive products or 
technologies. 
 

 RTI International has been conducting research in regenerable, fluidized-bed, metal oxide 

sorbents for over 15 years.  The technical expertise and knowledge gained over this time led RTI to 

develop the T-2749 sorbent.  The necessity for such a material came as a result of the U.S. 

Department of Energy’s (DOE) continued support to develop energy facilities that use advanced 

technologies to cleanly convert coal, and other abundant feedstocks, into electric power, 

transportation fuels, and value-added chemicals.  Gasification is the preferred approach for 

advanced energy systems.  In addition, industry has identified the transport reactor system as the 

most efficient and advantageous system for desulfurization.  Now, the T-2749 sorbent represents 

the best sorbent available to maximize the benefits of these two technologies.  It improves over 

existing technologies and products as described below.   

Solvent-based Products 

 Solvent-based desulfurization technologies benefit from being the proven standard in the 

power, transportation, and chemical industries.  These solvent-based systems can deliver the sulfur 

emission control to meet regulatory requirements, but their use is unsuitable for advanced 

gasification systems that derive their competitiveness through thermal efficiency, low cost, and low 

environmental impact.   

Conventional amine systems operate in a temperature range of ambient to 150oF while 

chilled methanol-scrubbing systems operate between -40 and -80oF.  These low operating 

temperatures are needed to protect the integrity and performance of the solvent when contacted 

with syngas.  If very high temperature syngas is used, the aqueous-based solvents will break down 

and lose functionality.  As a result, extensive cooling of the syngas is required before sulfur 

removal can take place.  This cooling significantly reduces the thermal efficiency advantage that 

IGCC has over conventional power production.  With the T-2749 sorbent (and other solid 

sorbents like RVS-1), thermal efficiency is retained because the sorbent operates effectively at 

the process temperature (500-1000oF) of the syngas.  Furthermore, eliminating cooling of the 

syngas reduces the capital cost for the additional heat recovery equipment. 

An additional benefit of the T-2749 sorbent is the greater sulfur capacity.  MDEA has a 

sulfur absorption capacity that ranges from 0.00028 to 0.62 wt%.  T-2749 on the other hand has a 

sulfur capacity of 7.0 – 11.0 wt%, or the potential for 11 to 39,000 times greater sulfur uptake.  

With such low sulfur capacities, amine processes require constant solvent changes to ensure 

effective operation, adding to the annual cost of operating these solvent-based systems.  It must be 

noted that chilled methanol scrubbing actually exceeds T-2749’s performance in removing H2S and 
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COS: concentrations below 0.1 ppmv compared to only less than 5 ppmv with T-2749.  T-2749’s 

level of control, however, still represents a significant improvement over EPA’s emission standard 

for power generation:  T-2749 removes sulfur to approximately one-tenth of the EPA standard.  

(EPA standards are set for SO2 emissions.  When H2S and COS are combusted, these compounds 

are converted to SO2.)  This slight competitive advantage of chilled methanol scrubbing is 

completely offset by the poor thermal efficiency and high capital costs.  Operating temperatures as 

low as -80oF require substantial refrigeration.  This refrigeration results in even higher costs than 

amine-based processes.  Estimated economics show that using the T-2749 sorbent in a transport 

reactor exhibits a $34.2 million (44%) cost savings over the Rectisol system.  The savings over 

MDEA systems is $5.1 million (11%) for a 250-MWe plant as indicated in Table 2. 

An additional environmental concern, exclusively for amine-based processes, is that COS 

is not readily removed to acceptable limits.  If left in the syngas, COS can cause damage to the 

environment and process equipment, therefore, a separate hydrolysis system is usually needed to 

remove COS.  By contrast, the T-2749 sorbent is proven effective at removing both H2S and COS 

to levels below 5 ppmv.  (The added cost of a hydrolysis system in MDEA is not represented in the 

given capital costs.  Therefore, it is expected that sorbent technology represents an even larger cost 

savings than is presented in Table 3 of Question 10B.) 

Solid Sorbent Fixed-bed Products 

 T-2749 exhibits all of the advantages of the best fixed-bed sorbent (RVS-1).  It is 

regenerable, it operates at 500-1000°F, and it has a high sulfur capacity as compared to amine 

solvents.  T-2749 combines all of these benefits, but goes even further by being chemically and 

physically suitable for transport reactor operation.   

Fixed-bed sorbents, like RVS-1, are typically in pellet form, making it impossible to 

fluidize these sorbents in a transport reactor.  T-2749 on the other hand is in the form of a 

microspheroidal particle, with a size range of 40-150 :m, that allows for the sorbent to be fluidized 

when contacted with process syngas.  In contrast to fixed-bed systems, fast circulating fluidized-

bed or transport reactors offer many advantages: 

• Superior gas-to-solid contact, which means that more reactive sites on the sorbent 

come into contact with sulfur species in the syngas, resulting in more efficient sulfur 

removal; 

• Excellent temperature control in both the absorption (sulfur removal) and regeneration 

stages; 

• Continuous sulfur control and regeneration operations; 

• High syngas throughput; and 
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• Compact system footprint.   

Transport reactor systems are admittedly somewhat more complex and difficult to operate than 

fixed-bed reactors, but the commercial success of FCC systems, which are based on transport 

reactor technology, has shown that these systems can be operated reliably at a very large 

commercial scale. 

In the riser of a transport reactor, the sorbent material represents the dilute phase in the 

reactive gas environment.  Under these conditions, the mass and heat transfer between the sorbent 

and the reactive gas are extremely efficient.  The enhanced heat transfer – since the sorbent is in the 

dilute phase – provides much better temperature control during regeneration than is possible in a 

fixed-bed reactor.  The better mass transfer conditions allow for the potentially faster reaction rates 

to be realized.  Faster reaction rates are essential to transport reactors because of the extremely 

short residence time, typically 2 to 10 seconds.   

The fast reaction and short residence time mean that the practical sulfur loading of T-2749 

in service can be significantly less than that of a fixed-bed sorbent.  In each pass through the 

reactor system, only a small amount of sorbent is necessary to effectively control the sulfur.  The 

smaller sulfur loading (only a fraction of the theoretical capacity) helps reduce the temperature rise 

that occurs during regeneration.  The smaller sulfur loading also means that the amount of material 

transforming between zinc oxide and zinc sulfide during absorption and regeneration is smaller, 

thus reducing the mechanical stresses that the sorbent particles experience.  The improvement in 

temperature control during regeneration and the reduction of mechanical stress should significantly 

increase the life expectancy of the T-2749 sorbent product in a transport reactor compared to that 

of a competing fixed-bed sorbent. 

High temperatures and temperature gradients during regeneration can result if a system 

cannot effectively minimize temperature rises.  Insufficient temperature control can damage a 

sorbent’s structure and affect its reactivity – a particular concern in the highly exothermic 

regeneration reactions of zinc oxide-based sorbents.  In fixed-bed reactors, it is very difficult to 

avoid the excessive temperatures associated with exothermic reactions.  The high temperature 

gradients that result can have a serious impact on a sorbent’s performance and lifetime.  To avoid 

an excessive temperature rise in fixed-bed systems, a possible approach is to mix a large amount of 

diluent gas with the reactive oxygen to absorb excess heat.  This added diluent gas results in the use 

of large processing equipment downstream to handle the regenerated SO2.  Decreased sorbent 

performance and large downstream equipment have a negative impact on the economics of IGCC 

systems.  On the other hand, the superior heat transfer capabilities of a transport reactor controls 

the temperature increase associated with the regeneration reaction and makes it feasible for 
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undiluted air to be used as the regeneration gas.  In general, compared to a fixed-bed system 

using dilute regeneration gas containing 2% oxygen, a transport regenerator operated with 

“neat air” generates one-tenth the amount of SO2-containing off-gas to be treated 

downstream. 

 The use of T-2749 in a transport reactor also results in smaller equipment by requiring less 

reactor volume than RVS-1 to clean the same amount of syngas.  In a pilot-scale demonstration 

planned for completion in the second quarter of 2004, RTI is testing a transport reactor loaded with 

T-2749 for desulfurization of syngas produced in a ChevronTexaco coal gasifier.  Chevron-

Texaco’s gasifier will supply 17,200 scfh of syngas containing 7,000 ppmv H2S and COS.  In order 

to handle this amount of sulfur, 2.8 ft3 of sorbent is needed.  This is the design basis for the 

transport reactor and represents one full charge of the T-2749 sorbent.  Given the sorbent’s 

mechanical strength, one charge is all that is needed for many hours of cycling in the reactor.  By 

comparison, a fixed-bed reactor containing RVS-1 will require a minimum of 8.5 ft3 of the sorbent 

for absorption of the same amount of sulfur.  The total reactor volume must be increased, though, 

because fixed-bed systems use more than one bed to achieve continuous operation.  Typically, one 

or two additional beds are used to carry out regeneration while the first bed is absorbing sulfur.  

Thus, the required volume for RVS-1 is 17-25.5 ft3.  The use of T-2749 in a transport reactor 

represents a 6- to 9-fold reduction in the reactor volume needed for desulfurization of a coal-

derived syngas.  

 This reduction in reactor volume also means a reduction in the amount of sorbent needed to 

load the transport reactor system.  RVS-1 has a bulk density of roughly 80 lbs/ft3 while T-2749’s 

density is about 105 lbs/ft3.  In the example above, 294 lbs of T-2749 are needed to clean 17,200 

scfh of syngas while the requirement for RVS-1 is much higher: 1360-2040 lbs.  Given the selling 

price of each sorbent – $9.53/lb and $10.00/lb for T-2749 and RVS-1, respectively – the cost per 

charge of RVS-1 is 4.8-7.3 times higher than that of T-2749 sorbent.   

 Avoiding the use of high temperature switching valves is another advantage of transport 

reactors.  Fixed-bed systems require valves that can switch between process gas and regeneration 

gas for continuous operation.  These expensive, high maintenance items are completely avoided in 

transport reactor operation.  

 
Competing Fluidized-bed Desulfurization Sorbents That Have Not Been Commercialized 
 
 As mentioned in Section 10A, the T-2749 sorbent is the only commercially available 

sorbent that can remove sulfur species in fast fluidized-bed (transport) applications at 500 – 

1000oF.  This does not mean, however, that RTI is the only company to attempt the development of 
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such a sorbent.  Since a transport reactor system is a very attractive option for advanced 

gasification technologies, many companies and researchers have devoted substantial time and 

resources in developing a sorbent suitable for this environment.  Some examples of companies and 

research institutes to do so include Phillips Petroleum, Tampella Power Corporation, Institute of 

Gas Technology, Korea Electric Power Research Institute, and others.  The sorbents prepared by 

these entities had one or more of the following deficiencies: 

• The sorbent was not regenerable. 

• The sorbent had insufficient H2S and COS reactivity below 1000oF. 

• The sorbent was not made in a physical form suitable for fluidization. 

• The sorbent was not attrition-resistant enough for fast fluidized-bed applications. 

RTI also encountered many challenges in developing a sorbent to meet all of the criteria listed 

above.  RTI’s work in fluidized-bed sorbents for high temperature desulfurization led to the 

invention of a zinc titanate-based sorbent called EX-SO3.  This material proved to be efficient for 

sulfur removal at temperatures exceeding 1000oF, but the reactivity of the sorbent was insufficient 

at temperatures of 500-1000oF (realistic syngas temperatures associated with practical gasifiers).  

RTI persisted, however, and eventually developed T-2749, making it the only product to resolve all 

of the difficulties associated with sorbent research for fast fluidized-bed desulfurization 

applications. 

In order to determine T-2749’s suitability for a transport reactor, several characterization 

tests were conducted at RTI to evaluate the sorbent’s hardness and reactivity.  Attrition Index (AI) 

values (ASTM D-5757), a measure of how much a material degrades, were excellent.  These 

values ranged from 1.0 - 1.5 in a fresh sorbent and were even better in used sorbents.   A 

sorbent with an AI value below 5.0 is typically considered suitable for transport reactor 

applications.  To determine T-2749’s reactivity, thermogravimetric analysis (TGA) was conducted 

using a simulated syngas.  These tests showed that T-2749 picked up about 1-2 wt% of sulfur 

species in the first 10-15 seconds of exposure to syngas.  This amount of absorption is ideal for the 

short residence times the sorbent experiences in a transport reactor. 

The true proof of T-2749’s effectiveness was shown by ‘real-life’ tests conducted in RTI’s 

bench-scale reactor and Kellogg Brown and Root’s (KBR’s) Transport Reactor Test Unit (TRTU).  

Using a simulated synthesis gas containing 7,000 ppmv H2S and 350 ppmv COS, the sorbent 

consistently reduced sulfur concentrations to below 5 ppmv at 600ºF. During the course of 

these multi-cycle tests, no fines were generated.  These results demonstrate that T-2749 has a high 

reactivity and mechanical strength making it the optimal sorbent for a transport desulfurization 
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system.  A paper detailing the tests carried out at RTI and KBR can be found in Appendix H.  Also, 

see Appendix F for KBR’s testimonial in support of the T-2749 sorbent. 

 

11A.  Describe the principal application of this product.   
 

The principal application of the product, T-2749, is as a regenerable sorbent for sulfur 

control (particularly H2S and COS) in syngas generated from the gasification of coal.  As discussed 

in responses to previous questions, T-2749 represents a breakthrough for coal gasification 

technology, because its operating window is 500 - 1000ºF and it is ideally suited for transport 

reactor applications. 

ChevronTexaco is the current global leader in gasification technology and holds the 

majority of the world’s IGCC market share.  The results demonstrated in the Transport Reactor 

Test Unit at KBR (described in section 10C) were the final proof ChevronTexaco needed to 

distinguish T-2749 as the best sorbent available to show the viability of their advanced gasification 

technology.  Over the past 12 months, RTI and ChevronTexaco have assembled a team to conduct 

an integrated pilot plant demonstration of the following technologies: ChevronTexaco’s advanced 

gasification technology, KBR’s transport reactor technology, and RTI’s T-2749 sorbent.  The 

advanced gasification concept will require exceptional desulfurization performance at 500 to 600ºF 

with very high steam concentrations in the syngas.  Past results have shown the T-2749 sorbent to 

perform exceptionally well under such conditions; therefore, RTI is confident that the sorbent will 

meet, and even exceed, expectations during the demonstration.  The completion of this integrated 

pilot plant demonstration is projected for the end of the second quarter in 2004.  This 

demonstration is expected to show that transport reactor technology coupled with the T-2749 

sorbent is more efficient and offers significant cost advantages over conventional amine-

based systems for desulfurization.  Furthermore, it is expected to prove that the United 

States’ most abundant fuel resource, coal, can be used to generate cleaner, more economical, 

and more efficient energy than is derived from combustion-based power plants.  See 

Appendix F for ChevronTexaco’s testimonial in support of T-2749 and more information regarding 

the integrated pilot plant demonstration.  Also, refer to Appendix E for a schematic of the 

integrated pilot plant demonstration. 
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11B.  List all other applications for which your product can now be used. 

 

Although the T-2749 sorbent was developed with funding from the DOE for gasification 

processes relating to coal, there are many other carbonaceous feedstocks that can be gasified and 

thus need T-2749 for sulfur control.  Other potential candidates include petroleum coke, a waste 

product of the petrochemical industry; black liquor, a waste product of the paper pulping 

industry; and municipal solid waste.  The common factor in these particular feedstocks is that 

they are waste products and will, therefore, have large amounts of impurities (particularly sulfur) 

that make them less desirable.  However, the combination of gasification technology and sulfur 

control technology using the T-2749 sorbent allows these dirty, low-value feedstocks to be 

converted into syngas in a clean and cost effective manner.  The invention of the T-2749 sorbent 

allows these under-utilized feedstocks to become a viable source of clean energy. 

In addition to electricity, the syngas generated during the gasification process can be used 

for production of hydrogen, high-value chemicals, and transportation fuels.  Since the T-2749 

sorbent can reduce sulfur content of syngas to very low concentrations, chemical products 

(particularly transportation fuels) will essentially be sulfur free.  This is ideal, because, in the near 

future, most states will begin to implement tighter regulations on the sulfur content of these fuels.  

Also, as fuel cell applications gain popularity, the T-2749 sorbent ensures that sulfur-free hydrogen 

can be economically produced. 

A slightly modified version of the T-2749 sorbent has also been developed to remove 

refractory organic sulfur species from diesel, gasoline, and natural gas.  In bench-scale tests 

conducted at RTI and other locations, it has been shown that this product offers an alternate means 

to remove sulfur from these fuels at significantly reduced costs compared with current 

technologies. 

 

12.  Summary.  Why is it important to have this product? 
 

By 2015, U.S. energy consumption is expected to increase at least 25% above 2003 levels.  

The U.S. must continue to depend on affordable energy to meet this demand and keep the economy 

stable.  One of the most attractive options for meeting this demand is to rely on our own ample 

supply of fossil fuels, particularly coal, as an economical and secure energy source.  The use of 

coal in conventional combustion-based power systems, however, has many environmental concerns 

in a time when our environment should be protected at all costs.  The true potential of coal can only 
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be unlocked through a system that is less expensive and more environmentally sound than 

conventional technologies. 

The emergence of an integrated coal gasification combined cycle (IGCC) system seems to 

be the solution to this dilemma.  IGCC has the potential to increase the overall thermal efficiency 

and environmental friendliness of energy production while still utilizing coal.  However, to use 

coal as an energy source in IGCC, the gaseous sulfur species it produces upon gasification must be 

removed.  Sulfur removal must be carried out in a system that mimics IGCC’s efficiency.  

Conventional solvent-based desulfurization systems jeopardize this efficiency while also raising 

the overall cost of IGCC.  Instead, the most efficient and economical means of desulfurization 

in IGCC is to use the T-2749 sorbent in a transport reactor system. 

The development of the T-2749 sorbent represents a major advance in the area of 

desulfurization.  Its importance can be summed up in the following statement:  T-2749 is the only 

commercially available sorbent that has the physical and chemical properties needed to 

remove H2S and COS from syngas at temperatures of 500-1000oF in a transport reactor 

system. 

• Only commercially available sorbent:  To date, no other sorbent exists that can perform 

like T-2749.  Many companies have tried, but only RTI has been successful in developing 

a sorbent with the sulfur reactivity and attrition-resistance suitable for a transport reactor.  

Fixed-bed sorbents, with sulfur removal capabilities similar to T-2749 are plentiful in 

industry, but they suffer from poor temperature control during exothermic regeneration, 

inferior gas-to-solid contact, and the need for large multiple trains for continuous 

operation.  It has been known for decades that a transport reactor can resolve all of these 

issues; however, until T-2749 was developed, the transport reactor was not a viable option 

for desulfurization applications.  As transport reactor design takes over as the sulfur 

removal technology of choice, T-2749 will establish itself as the industry’s leading 

desulfurization sorbent.  This sorbent has gone through all stages of development and is 

currently available for commercial sale through Süd-Chemie, Inc., in Louisville, KY.  

• Physical and chemical properties:  In order to bring T-2749 into the commercial market, 

RTI had to make leapfrog advances to impart strong physical and chemical properties into 

a sorbent intended for fluidized-bed desulfurization.  Previous research in this area failed 

because sorbent formulations lacked the ability to be regenerated, had insufficient H2S and 

COS reactivity below 700oF, and/or lacked the attrition-resistance needed for fast 

fluidized-bed applications.  ‘Real-life’ testing proved that T-2749 solved all of these 

problems.  The attrition index (AI) of this sorbent is in the range of 1.0 - 1.5, far exceeding 
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the required AI of transport reactor sorbents.  In fact, T-2749 has an AI similar to that of 

petroleum cracking catalysts (FCC catalysts), which are considered the industry standard 

for hard and durable catalysts.   

Given that attrition resistance and reactivity are generally mutually exclusive (when 

one of these properties improves, the other suffers), one would expect T-2749’s reactivity 

to be quite low.  This is not the case, however, as RTI has optimized T-2749’s reactivity 

using small crystalline zinc oxide sites on a mechanically strong zinc aluminate matrix.  

RTI has delivered a sorbent that can remove nearly 100% of the sulfur present in a syngas 

stream at 500-1000°F.  Although other technologies are capable of this control at this 

temperature, no other sorbent can do it in a transport reactor.  In a transport system, this 

level of control demands rapid reaction rates for the absorption of H2S and COS and 

subsequent release during regeneration.  T-2749’s ability to regenerate makes it suitable for 

multiple cycling.  This means the lifetime cost of the sorbent is considerably lower than 

other conventional sorbents.  

• Removes H2S and COS from syngas:  Removal of H2S and COS is important for 

preventing process equipment corrosion and environmental impact through acid rain 

formation.  The T-2749 sorbent effectively removes H2S and COS in process syngas from 

7000 ppmv down to levels below 5 ppmv.  This allows sulfur emissions to be controlled to 

an estimated one-tenth of the EPA emission standard for power-generating stations.  This 

level of sulfur removal will allow the syngas produced by coal (or other solid fuel) 

gasification to not only provide clean energy, but to also provide a source for production of 

low-sulfur transportation fuels and hydrogen for fuel cell applications. 

• Temperatures of 500-1000oF:  Solvent-based desulfurization systems are widely used in 

current IGCC designs.  As long as these systems continue to be used, IGCC’s economic 

competitiveness and environmental benefit will always be limited.  The main reason for 

this is because solvent systems cannot handle syngas at 500-1000oF.  Process cooling is 

required, resulting in significant loss of thermal efficiency and increased cost associated 

with the need for complex heat recovery equipment.  Avoidance of these problems is T-

2749’s biggest advantage over solvent-based desulfurization.  T-2749 is optimized to 

perform at these temperatures over multiple cycles.  Early estimates show that T-2749 used 

in a transport reactor can save nearly $35 million over a comparable Rectisol system and 

over $5 million as compared to amine-based systems (This evaluation was based on an 

IGCC plant that produces 250 MW of power per day). 
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• Transport reactor system:  T-2749 has already been proven to work in a transport 

reactor.  Kellogg Brown and Root conducted tests on the sorbent using their Transport 

Reactor Test Unit and found it to be robust and reactive enough to handle the harsh 

conditions of a transport reactor.  This represents an exciting breakthrough, because 

transport reactor technology could provide the needed efficiency and cost reduction to 

finally make IGCC competitive with conventional power systems.   

 

In essence, the invention of the T-2749 sorbent gives the U.S. the sulfur sorbent it needs to increase 

the use of advanced energy systems.  Doing so will help take advantage of our nation’s most 

abundant resources, fossil fuels, to provide more economical energy with less impact to our 

environment.  This sorbent will ensure that the U.S. demand for energy will always be met with no 

increased cost to the average American and with no further damage to our environment. 

 
13.  Organization Data:  RTI International 

 
 
Contact person to handle all arrangements on exhibits, banquet, and publicity: 
 
Name Thomas Nelson 
Position Chemical Engineer I 
Organization Research Triangle Institute (RTI International, RTI) 
Address 3040 Cornwallis Road 
City Research Triangle Park (RTP) 
State North Carolina (NC) 
Zip 27709 
Country USA 
Phone 919-541-6484 
Fax 919-541-8000 
Email tnelson@rti.org 
 
 
Reader inquiries regarding the T-2749 sorbent should also be directed to Thomas Nelson 
using the contact information provided. 
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 Photos of the T-2749 Sorbent 
 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Picture (1) 
 
Picture (1) shows a sample of T-2749.  T-2749 is a regenerable, highly reactive, and highly 
attrition-resistant sorbent that is principally used to remove sulfur species from high temperature 
syngas.   T-2749’s mechanical strength and high reactivity allow for the use of transport reactors 
for desulfurization applications.  This sorbent represents a significant step towards 
environmentally sound energy production. 
 
  
 
 
 
 
 
 
 
 
 
 
 
  

  Picture (2)          Picture (3) 
 
Pictures (2) and (3) show the T-2749 sorbent after scale-up at Sud-Chemie, Inc. (SCI); RTI’s 
catalyst manufacturing partner.  Several large batches of T-2749 have been made at SCI.  The 
largest preparation to date yielded 900 lbs.  In the first quarter of 2004, 8,000 lbs. of the T-2749 
sorbent will be manufactured for testing at the U.S. Department of Energy/National Energy 
Technology Laboratory’s Morgantown, WV facility. 



Copy of First Customer Order for the T-2749 Sorbent 









              Schematic of an Integrated Gasification Combined Cycle 
(IGCC) System 

 
Gasification, as opposed to combustion, is the most thermally efficient and cleanest way to 
convert the energy content of coal into electricity, hydrogen, clean fuels, and value-added 
chemicals.  The product of gasification is synthesis gas, or “syngas.”  The integration of syngas 
and steam turbines with gasification results in the process commonly referred to as the Integrated 
Gasification Combined Cycle (IGCC).  Electric utility power plants based on IGCC are 
recognized as having significant environmental and thermal efficiency advantages over the 
current installed fleet of combustion-based coal-fired power plants.  The T-2749 sorbent will play 
a significant role in IGCC’s eventual success, because it effectively removes sulfur species from a 
syngas gas in a compact, cost-effective transport reactor at process temperature, thus retaining the 
thermal efficiency of an IGCC system. 
 
 
 

 



Schematic of a Transport Reactor System 
 
A transport reactor is an entrained-bed or “fast” fluidized-bed reactor.  Based on current designs 
for Integrated Gasification Combined Cycle (IGCC) systems, transport reactors have emerged as 
the favored syngas desulfurization technology.  They offer several advantages over fixed-bed 
reactors: 

• Superior gas-to-solid contact, resulting in more efficient sulfur removal; 
• Excellent temperature control in both the absorption (sulfur removal) and regeneration 

stages; 
• Continuous sulfur control and regeneration operations; and 
• High throughput; resulting in smaller equipment size. 

To realize the benefits of a transport reactor, however, a specialized sorbent is needed that is able 
to withstand the harsh conditions within the reactor.  The T-2749 sorbent is the first product to 
combine the high reactivity required to achieve the desired sulfur removal in very short gas 
residence times (2 to 10 seconds), the hardness needed to withstand the constant circulation and 
fluidization, and the efficient and continuous regeneration needed to cut sorbent inventory costs.      
 

 
 
 



Schematic of Integrated Pilot Plant Demonstration 
 
 
An integrated pilot plant demonstration (field test) of a warm gas clean-up system is currently 
underway, with expectations of completion by the second quarter of 2004.  This demonstration 
exhibits the capabilities of ChevronTexaco’s advanced gasification technology, Kellogg Brown & 
Root’s transport reactor system, and RTI’s T-2749 desulfurization sorbent.  A successful pilot-
scale test of these technologies will show the viability of using abundant, economical fuels, such 
as coal, to produce energy and other products at lower costs and with less environmental impact 
to our environment. 
 
 

 
 

  T-2749 Sorbent 



 

Testimonial Letters 

F1: Testimonial letter from Sud-Chemie, Inc (SCI), the exclusive licensee of the T-2749 Sorbent. 
 
F2: Testimonial letter from Kellogg Brown & Root, Inc (KBR).  KBR has conducted transport reactor 

testing on T-2749 and is also part of the integrated pilot plant demonstration that will exhibit their 
transport reactor technology. 

 
F3: Testimonial letter from the U.S. Department of Energy’s National Energy Technology Laboratory 

(DOE/NETL).  DOE/NETL is providing the majority of funding for the integrated pilot plant 
demonstration. 

 
F4: Testimonial letter from ChevronTexaco.  ChevronTexaco is also part of the integrated pilot plant 

demonstration.  They will be demonstrating their advanced gasification system. 
 
 
 















News Clippings for the T-2749 Sorbent 

 
G1: From RTI Newsdesk, 3 November 2003.  RTI Newsdesk is the Research Triangle Institute’s online 

employee news source. 
 
G2:  From TechTalk, 3rd Quarter 2003.  TechTalk is Kellogg Brown and Root’s product technology 

newsletter. 
 







TechTalk 1 3rd  Quarter 2003   

 

 

 

TechTalk 
KBR Product Technology Newsletter  3 rd  Quarter 2003 
 

Technology In Focus 
 

Meeting the challenges of the future and fortifying our position in 
the marketplace is the constant focus of KBR Technology. 
Whether we are leveraging the KBR Technology Center (KBRTC) 
as an opportunity for increased business growth, optimizing ma-
ture designs to remain competitive, or developing a new first-of-
a-kind technology, KBR is continually evolving our existing tech-
nologies to develop new ones that can meet the competitive 
challenges of the future. Look inside this issue for the latest in 
KBR Technology initiatives.  
 
TechT alk is published on-line and is available to both employees 
and customers. For more information visit the KBR internet site 
at: www.halliburton.com or the KBR Technology Intranet We bsite 
on KBRconnect. 
  

 

 

 

 
 
 

 
 

Martin Van Sickels 
Vice President and Chief Technology Officer 

 

Innovation Moment 

"…The lesson we learned is that nothing is impossible."  Whether it required crafting spare parts out of scrap metal or 
patching a hole in a pipeline left by an explosion,  Iraqi oil-field workers have relied on homespun ingenuity and pride 
to keep oil flowing over the past decade.  Creativity is inspired in many ways and those looking to make things 
happen will always find a way to get the job done.  At KBR, fostering a culture that stimulates creative thinking is 
considered critical in meeting tough challenges and delivering innovative technology solutions for our clients. 

 

 
KBRTC Stretches Pilot Plant Capabilities 
Article Contributed by Jennifer Adams, Pilot Plant Specialist, KBR Technology Center
 
The KBR Technology Center (KBRTC) is currently constructing the largest pilot plant project ever undertaken by KBR.  
The pilot plant, to be installed at Chevron Texaco’s Montebello Technology Center, is intended to successfully demon-
strate a high temperature high pressure desulfurization process (HTDS) for synthesis gas which is being jointly developed 
by Research Triangle Institute (RTI) and KBR.  The syngas typically contains about 60 vol% steam at temperatures as 
high as 500 F and pressures as high as 1200psig. The target specification for this HTDS process is to reduce the sulfur 
content of the syngas from the range of 2,500 to 15,000 ppmv to less than 20 ppmv. 
 

http://www.halliburton.com
http://kbrconnect.corp.kbr.com/kbr/kbrtech/technology.asp


 

TechTalk 2 3rd  Quarter 2003   

An integrated pilot plant, designed to desulfurize synthesis gas which is generated in a Chevron Texaco direct quench 
coal gasifier, that if successful will prove that warm synthesis gas desulfurization is a viable competing technology to the 
conventional solvent-based processes. More importantly, this development should prove that the combination of direct 
quench coal gasifier and HTDS potentially reduces the cost sufficiently to make coal gasification more cost competitive 
with other power generation technologies.   
 
The Technology 
 
The key to this technology is the combination of transport reactor technology with a suitable desulfurization sorbent.  KBR 
has developed and patented a transport reactor system for desulfurization of process gases at high pressures. The advan-
tages this system offers for desulfurization of process gases include: 
 

•     High throughput of process gas with a small footprint and simple equipment
• Continuous desulfurization and regenera  tion operation 
• Superior temperature control during the exothermic regeneration, potentially allowing regeneration with neat air 

 
The successful utilization of a transport reactor system requires a desulfurization sorbent with suitable physical properties 
and chemical activity. RTI has leveraged its technical expertise in sorbent materials and preparation to develop a sorbent, 
RTI-3, that has been optimized for sulfur removal at 500 to 600ºF and high steam concentrations in a transport reactor 
system. Production of this sorbent has been scaled up to 1,000 lb commercial batches.  
 
RTI’s sorbent, RTI-3, was produced by Süd-Chemie, Inc. of Louisville, KY and was recently tested in the Transport Reac-
tor Test Unit (TRTU) at KBR’s Technology Center in Houston, TX. Using a simulated syngas stream RTI-3 consistently re-
duced the effluent sulfur concentrations to non-detectable levels at 600ºF and 130 psig in a residence time of less than 4 
seconds.  
 
 
 

 
 
KBRTC HTDS pilot plant team 

HTDS pilot plant for installation at ChevronTexaco’s 
Montebello Technology Center, under construction at 
KBRTC 

 
 
1 This project is partially funded by the U.S.Department of Energy’s National Energy Technology Laboratory under Contract No.: DE-AC26-99FT40675 
with Research Triangle Institute. 
 



Paper - Development of Fluidized-Bed Sorbent for 
Desulfurization of ChevronTexaco Quench Gasifier Syngas 

 
This paper was submitted at the Pittsburgh Coal Conference in 2002.  It describes the development 

and testing of the T-2749 sorbent for desulfurization of ChevronTexaco quench gasifier syngas. 

 



Development of Fluidized-Bed Sorbent for Desulfurization of ChevronTexaco 
Quench Gasifier Syngas 

 
Santosh Gangwal,1† Brian Turk,1 and Raghubir Gupta,1 Ranjani Siriwardane2 

 
1RTI, 3040 Cornwallis Road, Research Triangle Park, NC 27709-2194 

2Department of Energy, NETL, 3610 Collins Ferry Road, Morgantown, WV 26507 
 
 

ABSTRACT 
 
Regenerable fluidized-bed sorbents are being developed for desulfurizing ChevronTexaco 
gasifier gas at its exit conditions (500-600ºF, 800-1200 psig, 60 vol % steam).  After 
screening several candidate sorbents, a promising fluidized-bed zinc-based sorbent (RTI-3) 
was prepared in 250 g quantity using a spray dryer.  The sorbent consistently reduced the 
gaseous sulfur compounds in simulated ChevronTexaco gasifier gas to below 5 ppmv over 
multiple cycles.  The attrition indices (ASTM D-5757) of fresh and used sorbents were below 
1.5. Optimization and scale up of RTI-3 is underway for pilot scale testing with actual syngas 
from ChevronTexaco’s gasifier in Montebello, California using a transport desulfurization-
regeneration 2-reactor system. 
 

INTRODUCTION 
 
Advanced integrated coal gasification combined cycle (IGCC) power systems have received a 
great deal of attention over the past three decades due to their potential for high thermal 
efficiency and low environmental impact (Gupta et al. 2001, Cicero et al. 1999, Jothimurugesan 
and Gangwal, 1999, 1998, Gangwal et al. 1997, Moorehead et al. 1996).  In these systems, coal 
(or other solid fuels such as coke and petroleum residue) is gasified to produce a raw syngas 
(with CO and H2 as fuel components) that needs to be cleaned prior to use.  Syngas contaminants 
that need to be removed include sulfur gases, ammonia, hydrogen cyanide, hydrogen chloride, 
alkali and heavy metals. Coal gasification and syngas cleanup are the primary sub-systems not 
only of IGCC systems but of National Energy Technology Laboratory’s (NETL’s) Vision 21 
plants that have the potential to combine IGCC, liquid fuels/chemicals production via Fischer-
Tropsch synthesis, and hydrogen and steam production in innovative ways to maximize plant 
efficiency and profitability (DOE, 1999).  
 
ChevronTexaco currently has a lion's share of the worldwide IGCC market (Preston, 2000).  
Their commercial gasifier system produces a medium BTU gas at approximately 2200 to 2600oF 
that is cooled to around 100oF for conventional amine scrubbing.  The cooling is done either by 
some combination of radiant and convective heat exchangers or by direct quench using water. 
They are pursuing the development of an innovative high efficiency quench gasifier system that 
reduces the gas temperature from 2200 to 2600oF to around 400-500oF rather than 100oF 
(Leninger, 2002).  Using this approach, their aim is to reduce the overall capital cost of the IGCC 
system and further penetrate the market.  The direct water quench results in removal of all of the 

                                                 
† Corresponding author, Phone:  919-541-8033, Fax:  919-541-8000, E-mail:  skg@rti.org 
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syngas contaminants, except H2S and COS.  Also trace Hg and a portion of the NH3 (and some 
halides) remain in the gas after the quench step.  The syngas after the quench is at 400 to 500ºF 
and 1000 to 1200 psig, and it contains about 60 vol % steam.  There is a potential cost advantage 
for IGCC power systems if these syngas contaminants (H2S, COS, NH3 and Hg) can be removed 
without additional heat exchange or condensation. 
 
NETL’s research program on syngas desulfurization has taken a fixed-bed zinc-based 
desulfurization sorbent formulation (RVS-1) from concept to commercial product.  This sorbent 
is effective in desulfurizing the ChevronTexaco quench gasifier gas at its exit conditions (500-
600ºF, 800-1200 psig, 60 vol % steam (Turk and Gupta, 2001, Siriwardane and Cicero, 2000).  
However, based on the current designs for integrated gasification combined cycle (IGCC) 
systems for NETL’s Vision 21 program, fluidized-bed, particularly transport-reactor-based 
(Moorehead et al., 1996, Campbell and Henningsen, 1996), desulfurization reactors/sorbents are 
strongly favored.  The main reason is that fluidized-bed reactors offer better temperature control 
during regeneration, sorbent gas contacting, and potential for continuous operation than fixed-
bed systems.  However fluidized bed sorbents not only have to be sufficiently reactive but also 
highly attrition resistant to be successful in a transport reactor.  
 
In the past, RTI has developed two distinct zinc-based fluidized bed sorbent formulations, EX-
SO3 and ZT-4 for syngas desulfurization at 1000oF (Gupta and Gangwal, 1995, Cicero et al., 
1999, Gupta et al., 1998).  Using RTI’s expertise in imparting both high desulfurization activity 
and high attrition resistance to fluidized-bed sorbents, and the knowledge gained during the 
development of NETL’s fixed-bed sorbent (RVS-1), RTI is developing a highly effective, 
attrition resistant fluidized-bed version of RVS-1 called RTI-3 suitable for operation in a 
transport reactor at 500-600oF with a syngas containing 60 vol % steam.  Like RVS-1, RTI-3 is 
also a zinc oxide-based sorbent.  Future plans call for demonstration of RTI-3 in a field test for 
desulfurization of actual syngas from the ChevronTexaco quench gasifier at Montebello, 
California.  In this paper, we describe the development and testing of RTI-3 with simulated 
ChevronTexaco quench gasifier syngas and plans for this field test. 
 

TRANSPORT REACTOR SYSTEM 
 
The transport reactor system designed by KBR (Moorehead et al., 1996; Campbell and 
Henningsen, 1996) and envisioned for field demonstration of RTI-3 consists of dynamically 
coupled sulfidation (absorber) and regeneration reactors as shown in Figure 1.  The sorbent is 
continuously transferred from the absorber to the regenerator and vice-versa. Also, the sorbent is 
circulated within both reactors.  Raw syngas enters the absorber at 450 to 500oF and is heated to 
550 to 600oF by mixing with the hot sorbent from the regenerator. Sulfur gases are removed by 
the sorbent and clean syngas leaves at the top of the absorber.  The sorbent is regenerated with 
air or diluted air.  Sulfur is removed from the sorbent in the regeneration reactor as SO2 in the 
tailgas. 
 
The reaction occurring in the absorber is ZnO + H2S (or COS) = ZnS +H2O (or CO2) while the 
reaction occurring in the regenerator is ZnS + (3/2) O2 = ZnO + SO2.  The heat of the 
regeneration reaction is used to heat the sorbent to the desired regeneration temperature.  The  
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Figure 1.  Transport reactor desulfurization system 
 
regenerator is operated within a temperature window of 1200 to 1350oF to minimize formation of 
undesirable zinc sulfate via ZnO+ SO2 +(1/2) O2 = ZnSO4. 
 

EXPERIMENTAL 
 
Several variations of an attrition resistant fluidized-bed zinc-based sorbent (RTI-3) have been 
prepared using a Niro “Mobile Minor 2000” spray drier.  This is a bench-scale spray drier that is 
very well suited for the preparation of 250 to 1000 g quantities of candidate sorbents. The spray 
chamber, constructed of type 316 stainless steel, is 800 mm diameter with a 720 mm straight side 
and a 60-degree cone bottom.  Consistent with its intended use as a process development tool, 
the Mobile Minor can be configured with several different feed arrangements in order to handle a 
wide range of feed materials, and produce a range of particle sizes.  The heated inlet air flows 
from the top down in all configurations.  The feed slurry consisting of the sorbent precursor 
particles can be charged into the top of chamber (cocurrent with the air flow) through a rotary 
atomizer to produce fine particles (10 to 50 µm).  For larger particles (30 to 125 µm), the slurry 
can be charged countercurrent to the airflow using a fountain two fluid nozzle that penetrates the 
cone bottom.  The countercurrent flow path gives a longer residence time, so that larger droplets 
can be dried, resulting in the formation of larger particles. 
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The larger solid particles are collected in the jar at the apex of the cone bottom.  Smaller particles 
(the “fines”) are collected in the jar associated with the cyclone in the exit gas.  Very small 
particles are separated from the discharge gas stream by a HEPA filter.  The evaporation rate of 
the water from the slurry determines the capacity of the unit, and sets the solids production rate.  
The nominal drying-air flow rate is 80 kg/h with a maximum inlet temperature of 400°C.  These 
parameters result in a drying capacity rating of 1 to 7 kg/h of water evaporation.   
 
The objective of preparation of RTI-3 variations was to produce a fluidized-bed sorbent with the 
performance properties of the highly successful fixed-bed RVS-1 sorbent developed by in-house 
researchers at NETL (Siriwardane and Cicero, 2000).  Sorbent composition and properties are 
not being disclosed in this paper pending a patent application.  Typical batch sizes prepared for 
these formulation-screening tests for RTI-3 were 250-500 g.  Screening tests consisted of 
measuring thermogravimetric analysis (TGA) reactivity, BET surface area, pore 
volume/distribution, density, particle size distribution, and x-ray diffraction phases.   
 
Based on these screening tests, one particular version of RTI-3 was chosen for performance 
evaluation in RTI’s high-temperature, high-pressure bench-scale reactor system (Figure 2).  A 
complete description of the reactor system and associated analytical and data acquisition 
equipment is given elsewhere (Turk and Gupta, 2000).  Briefly, the system can be operated at up  
 

 
 

Figure 2.  Schematic of RTI’s high-temperature, high-pressure bench-scale sorbent test 
facility 
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to 400 psig and 1600ºF.  A 2-in. internal diameter (ID) quartz reactor is housed in a 4-in. ID 
stainless steel pressure vessel which is externally heated by a three-zone furnace. 
 
Simulated syngas containing desired quantities of ChevronTexaco gas constituents (H2, CO, 
CO2, N2, H2S, CH4 and H2O) or any other simulated gas is generated using eight electronic mass 
flow controllers (MFCs) and a high pressure liquid chromatography (HPLC) pump.  The syngas 
is preheated and further heated by passing it through the annulus between the stainless steel shell 
and the quartz reactor before it enters the reactor.  The regeneration gas is generated by MFCs by 
blending air and nitrogen to achieve the desired O2 concentration.  The ranges of test conditions 
for this study are shown in Table 1. 
 

Table 1:  Bench-Scale Reactor Test Conditions 
Sulfidation:  

Pressure: 280 psig 
Temperature: 420-650ºF 

Gas Flow Rate: 21 to 22 slpm 
Sorbent loading: 160 to 230 g 

Gas: Simulated ChevronTexaco coal gasifier gas 
 H2S:  2500 – 10,000 ppmv 
 Steam:  43 to 63 volume % 
  

Regeneration:  
Pressure: 280 psig 

Initial Temperature: 1100-1300 oF 
Gas Flow Rate: 20 slpm 

Gas composition: (volume%): 
 N2:  Balance 

 O2:  5.76 
 
The reactor outlet gases during sulfidation and regeneration are sampled and analyzed. The clean 
syngas following sulfidation is analyzed for H2S, COS and SO2 using a Varian 3300 GC 
equipped with a flame photometric detector (FPD) and a sulfur chemiluminescence detector 
(SCD).  The regeneration off gas is analyzed using a continuous Bovar SO2 analyzer and a 
continuous Teledyne O2 analyzer.  The GC data are reduced using HP Chemstation software.  
The process and reduced GC data are monitored and processed using Labview and Excel macros. 
 
RESULTS AND DISCUSSION 
 
A 10-cycle scoping test was conducted to evaluate RTI-3 sorbent’s performance at a range of 
H2S feed concentrations and sulfidation temperatures.  Figure 3 shows the H2S breakthrough 
curves at a feed concentration of 2,500 ppmv and sulfidation temperatures of 600-625ºF.  The 
H2S was reduced to below detection limit (about 60 ppbv) in Cycle 1, while COS (not shown) 
remained below 1 ppmv.  In Cycle 2, steam condensation problems caused erratic drops in 
temperature, but H2S was still reduced to less than 10 ppmv and COS (not shown) remained 
below 3 ppmv.  In Cycle 3, the steam pump quit and the reactor temperature gradually increased  
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Figure 3.  H2S breakthrough curves for RTI-3 with 2500 ppmv feed H2S concentration. 

 
to 640ºF.  The H2S was again reduced below detection limit and COS (not shown) remained 
below 1 ppmv.  Sorbent capacity increased in the absence of steam by about 30 %. 
 
Figure 4 shows the H2S breakthrough curves with an H2S feed concentration of 5000 ppmv at 
600-620ºF.  In all cycles the H2S was reduced to less than 5 ppmv while COS (not shown) 
remained below 1 ppmv. 
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Figure 4.  H2S breakthrough curves with 5000 ppmv feed H2S concentration. 



19th Annual International Pittsburgh Coal Conference Gasification - Synthesis Gas Cleanup 

 7

Figure 5 shows the sorbent performance during Cycles 7 to 10 at extreme conditions―10,000 
ppmv H2S feed concentration and a sulfidation temperature as low as 420ºF.  In Cycle 7, at 
560ºF, the H2S was reduced to below 2 ppmv and COS also remained below 2 ppmv prior to 
breakthrough.  During Cycles 8 through 10, in which the sulfidation temperature was between 
420 to 520ºF, H2S and COS breakthrough occurred quickly. COS in the effluent was >80 ppmv 
throughout the cycles. These results indicate that for this sorbent, the sulfidation temperature 
needs to be above 550 ºF to efficiently remove both H2S and COS (whether fed or formed) below 
2 ppmv.  Above 550 ºF, the sorbent can efficiently clean a ChevronTexaco gas containing up to 
10,000 ppmv H2S and 40-60 volume % steam. 
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Figure 5.  H2S breakthrough curves with 10,000 ppmv feed H2S concentration. 

 
Following this scouting test, a 6-cycle test was made with a fresh batch of sorbent. Operating 
conditions for each of these cycles were maintained constant with a feed H2S concentration of 
5,000 ppmv.  The pre-breakthrough H2S concentration for these cycles was less than 2 ppmv and 
COS remained below 5 ppmv as shown in Figures 6 and 7. 
 
Figure 8 shows a typical regeneration temperature profile for this test.  “Reac” is the temperature 
below the distributor just before the gas enters the bed.  “Bed 1” and “Bed 3” are 1-in. and 3-in. 
above the distributor.  Starting at a regeneration temperature of 1200 ºF, the temperature rises to 
1375ºF as the extent of regeneration increases.  Based on the several cycles carried out to date, 
we believe that regeneration of RTI-3 can be efficiently carried out at a temperature range of 
1275 to 1300oF. 
 
Sulfidations in this test were conducted at 610ºF (Figure 9).  The temperature initially rises to 
655ºF and then drops back to 610ºF gradually over the cycle.  This indicates that the sulfidation 
reaction is also somewhat exothermic.  The temperature rise during sulfidation would tend to 
increase sulfur removal capacity and reduce the total pre-breakthrough sulfur gas concentration. 
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Figure 6.  Six cycle H2S removal performance for RTI-3. 
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Figure 7.  COS in effluent gas for six-cycle test of RTI-3. 
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Figure 8.  Regeneration temperature profile for RTI-3. 
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Figure 9.  Sulfidation temperature profile for RTI-3. 
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Figure 10 shows the SO2 generation and O2 breakthrough during regeneration.  The SO2 quickly 
rises during regeneration as temperature increases from the initial temperature of 1200oF.  The 
peak plateau in SO2 concentration is at 3.6 vol% compared to a theoretical value of 3.8 vol%.  
The O2 does not elute until after the SO2 drops off sharply. These observations suggest nearly 
complete regeneration with minimal side reactions particularly sulfate formation.  Evidence of 
good regeneration is seen further in Figure 11.  Sulfur burn-off during regeneration is 16.6 g 
compared to a sulfur loading of 17.7 g. 
 

0.0

1.0

2.0

3.0

4.0

5.0

6.0

0 5 10 15 20 25

Time (minutes)

SO
2 a

nd
 O

2 (
vo

l%
) SO2

O2

 
Figure 10.  SO2 and O2 concentration during regeneration of RTI-3. 
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Figure 11.  Sulfur loading of RTI-3 versus sulfur burnoff during regeneration. 
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Two additional tests were conducted with promoted RTI-3 sorbents.  The purpose of adding 
secondary metal promoters was to see if we could reduce the initial regeneration temperature and 
increase COS capacity at lower sulfidation temperatures.  A 9 cycle test was conducted using 
sorbent RTI-3-P1 and a 5 cycle test was conducted using sorbent RTI-3-P2.  The addition of 
promoters was not successful.  In the first cycle, each of these sorbents reduced the H2S to below 
1 ppmv and COS also remained below 1 ppmv.  However, in subsequent cycles, significant COS 
elution of 20 to 50 ppmv was observed.  This indicates that the promoters actually reduced the 
efficiency of COS removal. 
 
Attrition resistances of fresh and used RTI-3 and promoted RTI-3 sorbents were excellent.  AI 
values (ASTM D-5757) are shown in Table 2.  A sorbent with a value of AI below 5 is 
considered suitable for transport reactor applications―lower is the value of AI, better is the 
attrition resistance of the sorbent.  For reference, the commercial FCC catalyst used in petroleum 
industry has an AI value of < 1. 
 
 

Table 2:  AI of Fresh and Used RTI-3 Sorbents 
 
Sorbent AI 
 Fresh Used 
RTI-3 1.48 1.5 (2 cycles) 

1.05 (6 cycles) 
RTI-3-P1 ― 0.8 
RTI-3-P2 ― 1.85 

 
 

CONCLUSIONS 
 
A promising fluidized version of the fixed-bed RVS sorbent called RTI-3 has been prepared in 
250-500 g quantity for desulfurization of ChevronTexaco gasifier gas from their quench gasifier.  
Recommended sulfidation temperature for this sorbent is 550ºF or higher to reduce H2S to below 
1 ppmv and COS below 5 ppmv.  The sorbent regenerates well in a temperature window of 1275 
to 1300oF and has a capacity of about 9 lbs sulfur per 100 lbs sorbent. 
 

PLANS FOR FIELD TEST 
 
A 500-h field test of RTI-3 has been planned for September, 2003 in Montebello, California.  In 
this field test, ChevronTexaco’s 2 tons/day gasifier at Montebello will be coupled to a transport 
desulfurizer system designed by KBR with RTI-3.  The gasifier will generate 6,000 to 9,000 scfh 
of wet syngas at 1,000 to 1,200 psig (with 60 volume % steam) as feed to the desulfurizer 
system.  To get ready for this field test, three additional variations of RTI-3 are being prepared to 
optimize the spray drier yield in the desired particle size range.  A 100 lb batch will be prepared 
by a commercial manufacture in August 2002.  This will be tested over multiple cycles to 
demonstrate scalability.  Early next year a large RTI-3 sorbent batch (4,000 to 6,000 lb) will be 
prepared.  Bench-scale tests will be conducted with RTI-3 at KBR’s transport reactor test unit 
(TRTU) in Houston to generate design data for the transport desulfurizer.  The transport 



19th Annual International Pittsburgh Coal Conference Gasification - Synthesis Gas Cleanup 

 12

desulfurizer will be designed, constructed and commissioned at Montebello in July 2003 for the 
field test.  ChevronTexaco will conduct a shakedown test of their gasifier with coal prior to the 
field test. 
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ABSTRACT: Permeability coefficients of hydrogen sulfide in fluorinated polymers are anomalously low when
compared to its permeability in nonfluorinated polymers. As a result, fluoropolymer membranes have unusual
selectivities for gas pairs involving H2S. For example, while the mixture CO2/H2S selectivity is 0.66 for
nonfluorinated, rubbery poly(dimethylsiloxane), this selectivity is 8.0 for a fluoroelastomer composed of
tetrafluoroethylene, perfluoromethyl vinyl ether, and perfluoro-8-cyano-5-methyl-3,6-dioxa-1-octene (TFE/PMVE/
8CNVE) and 27 for a glassy, cyclic perfluoroether (Cytop) under similar test conditions. The low H2S permeability
in fluoropolymers is caused primarily by unexpectedly low H2S solubility in the fluorinated polymer matrices.
For instance, H2S solubility in a Teflon AF copolymer of tetrafluoroethylene and 2,2-bis(trifluoromethyl)-4,5-
difluoro-1,3-dioxole is approximately 5 times lower than the value predicted by a correlation of solubility with
gas critical temperature. This low solubility is not related to penetrant size or condensability effects but rather is
caused by unfavorable molecular interactions between H2S and fluoropolymers. As a result of this unusual solubility
behavior, fluorinated glassy polymers are more resistant to H2S-induced plasticization than nonfluorinated glasses.
These findings may prove useful in emerging membrane applications that involve H2S, such as natural gas treatment.

Introduction

Ever since the discovery of poly(tetrafluoroethylene) (PTFE)
in 1938,1 fluoropolymers have been recognized as materials with
exceptional thermal and chemical stability. They tend to be
resistant to common organic solvents, typically dissolving only
in fluorinated liquids.2 This stability makes fluoropolymers
useful for challenging industrial applications, such as in the
aerospace and chemical industries where they are used in
O-rings and seals that are exposed to high temperatures and
aggressive chemicals.2 Traditionally, fluoropolymers have not
been employed as membrane materials due to their high cost,
processing difficulties, and low permeability.3 Their relative
impermeability is partially ascribed to the semicrystalline nature
of common fluoropolymers, such as PTFE. In addition to
imparting low permeability, crystallinity also renders fluo-
ropolymers insoluble in all solvents, preventing membrane
fabrication by the common solution-casting method. In the past
decade, however, the discovery of soluble, amorphous perflu-
orinated polymers4-8 that are highly permeable has rekindled
interest in their use as membrane materials. Amorphous per-
fluoropolymers, such as Teflon AF (DuPont), Hyflon AD
(Solvay Solexis), and Cytop (Asahi Glass), can be dissolved in
selected perfluorinated solvents and fabricated into thin-film
composite membranes via solution-casting techniques. Recent
work with these fluorinated polymers has demonstrated that they
have some unusual transport properties, such as very low
sorption of hydrocarbon gases and vapors.9-12 This attribute
has been utilized to develop plasticization-resistant composite
membranes for use in petrochemical applications where hydro-
carbon vapors have a detrimental effect on conventional
membrane performance.13,14

In light of their excellent chemical stability, fluorinated
polymers are being examined as gas separation membrane

materials in chemically demanding industrial environments. One
promising area where polymer membranes have made significant
inroads is in commercial natural gas treatment.15,16 In this
application, the gas mixture to be processed by membranes
typically contains H2S and other acid gases. Another important
industrial operation that involves H2S and for which membranes
may prove useful is the desulfurization of coal-derived syngas.17

If polymer membranes are to be properly designed to operate
in these applications, it is necessary to have accurate H2S
transport property information. However, there are relatively
few studies of H2S transport properties in polymer membranes
due, in part, to the difficulty in handling this toxic compound.

Much of the available literature data for H2S transport in
polymer films comes from studies performed in the 1950s and
1960s. This work was focused primarily on packaging and other
barrier applications because membrane gas separation was in
its infancy at this time and not practiced industrially. The earliest
of these studies was that of Simril and Hershberger, who
reported H2S permeability coefficients in regenerated cellulose,
polyethylene, poly(vinyl alcohol), and a poly(vinyl butyral/vinyl
alcohol) copolymer.18 The authors found H2S to be relatively
permeable compared to light gases, especially in rubbers or
plasticized cellulose. Stannett and co-workers conducted prob-
ably the most complete examination of H2S transport in
polymers in this same time frame.19,20 They reported perme-
ability, solubility, and diffusion coefficients for H2S in a variety
of polymers that were commercially available at the time,
including nylon-6 (polyamide), Mylar [poly(terephthalic ester)],
Saran [poly(vinylidene chloride)], cellulose acetate, ethyl cel-
lulose, and polyethylene. These fundamental studies showed H2S
to be relatively permeable, more so than light gases or even
CO2, consistent with hydrogen sulfide’s comparatively high
condensability and, thus, high solubility in the polymers.
Braunisch and Lenhart, while also investigating materials for
packaging applications, reported H2S and NH3 permeability
coefficients in a variety of polymer films, including polyeth-
ylene, polypropylene, poly(vinyl chloride), and cellulosics.21
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They found polar H2S and NH3 to be generally more permeable
than nonpolar, light gases such as nitrogen and oxygen.

More recent studies have described H2S transport properties
in polymers being evaluated as materials for membrane-based
gas separation applications. Robb22 reported the pure-gas H2S
permeability coefficient in poly(dimethylsiloxane) [PDMS] at
25 °C, while Stern and Bhide23 reported pure-gas permeability
coefficients of H2S in several silicone polymers, including
PDMS, from 10 to 55°C. These authors found H2S to be
relatively permeable compared to light gases, consistent with
the results of Stannett et al. Heyd and McCandless24 reported
H2S/N2 separation factors for a number of commercial polymers
over a wide range of temperatures. They observed room-
temperature selectivities of up to 12.7 for polysulfone and
suggested that membranes may be useful for removing H2S from
coal gas. In the course of evaluating materials for natural gas
conditioning applications, Chatterjee et al.25 reported mixed-
gas H2S permeability coefficients in poly(ether urethanes), poly-
(ether urethane ureas), and polyamide-polyether block copoly-
mers and found H2S/CH4 selectivities as high as 106 at 20°C
in poly(ether urethane ureas) films. In the patent literature,
Blume and Pinnau26 reported high H2S/H2 selectivities at 20
°C in a series of composite membranes containing polyamide-
polyether block copolymer separating layers. For example, using
a membrane composed of a Pebax 4011 separating layer coated
on a silicone rubber sealing layer with a porous polysulfone
support, they measured an H2S/H2 selectivity of 97 at 20°C.26

Similarly, Kulprathipanja and Kulkarni27 reported excellent H2S/
H2 separation properties at room temperature for composite
membranes of a poly(ethylene glycol)/PDMS blend deposited
on a porous polysulfone support. In each of these examples,
H2S was found to be very permeable relative to light gases,
such as H2, and even more permeable than small, quadrapolar
CO2.

Recently, we have discovered that fluorinated polymer
membranes display unusual H2S transport behavior.28 Whereas
many polymer membranes are selective for H2S over CO2,
fluoropolymers exhibit unusually low H2S permeability, render-
ing them CO2-selective. In this work, permeation and sorption
data are used to probe the anomalous nature of H2S transport
in fluoropolymers. These results are compared with similar data
collected for nonfluorinated polymers to highlight the strikingly
different fluoropolymer behavior.

Background

Gas and vapor permeation through nonporous polymer
membranes is usually rationalized by the solution-diffusion
model.29 In simple cases where Fick’s law applies, this leads
to the equation

whereP is the gas permeability coefficient, a thickness- and
pressure-normalized gas flux;S is the gas solubility coefficient;
and D is the penetrant diffusion coefficient. The solubility
coefficient is equal to the concentration,C, of gas sorbed in a
polymer divided by the pressure,p, of the contiguous gas phase
(i.e., S ) C/p).

Gas solubility in a polymer typically scales with measures
of gas condensability, such as normal boiling point or critical
temperature (TC); in the absence of specific interactions, the
more condensable a species is, the higher is its solubility. Gas
diffusion coefficients in a polymer scale with measures of
molecular size, such as kinetic diameter or critical volume (VC);
the larger a molecule is, the lower is its diffusion coefficient.

In light of eq 1, the selectivity of a membrane for component
A over component B,RA/B, can be expressed as the product of
solubility selectivity and diffusivity selectivity:

The transport properties of hydrogen sulfide are compared with
those of carbon dioxide in this study to emphasize differences
in behavior between fluorinated and nonfluorinated polymers.
Hydrogen sulfide molecules (VC ) 98.6 cm3/mol) are slightly
larger than those of carbon dioxide (VC ) 93.9 cm3/mol).30

Consequently, CO2 diffuses through polymers faster than H2S.
However, hydrogen sulfide (TC ) 373.2 K) is significantly more
condensable than carbon dioxide (TC ) 304.1 K).30 As a result,
H2S is generally more soluble in polymers than CO2. These
molecular property differences result in many conventional
polymer membranes being modestly selective for H2S over
CO2.3

Typically, when strong polymer-penetrant chemical interac-
tions are absent, solubility selectivity varies only a small amount
among different polymers. In contrast, diffusivity selectivity can
vary by orders of magnitude, depending on the polymer
structure. This variation in diffusivity selectivity is largely
determined by polymer chain mobility, as characterized by glass
transition temperature (Tg), and polymer chain spacing, as
measured by fractional free volume (FFV). Polymers that are
rubbery at experimental conditions have high chain mobility,
which allows permeant molecules to diffuse through them
relatively indiscriminately. Consequently, rubbers tend to be
weakly size-sieving and have low diffusivity selectivity. In these
materials, CO2 diffuses faster than larger H2S, but the difference
in diffusion coefficients is small. As a result, the higher solubility
of H2S in rubbery polymers dominates over diffusivity differ-
ences, causing most of these materials to be selective for H2S
over CO2.

Compared to rubbers, glassy polymers are typically more size-
sieving because of limited chain mobility. A small number of
glasses have large chain spacing that yields materials with high
FFV (up to 0.32). Such high-free-volume glassy materials, like
rubbers, do not discriminate well between molecules of different
sizes and, thus, have relatively low diffusivity selectivity. These
glasses typically behave like rubbers and are expected to be
more permeable to H2S than to CO2. The majority of glassy
polymers, however, have smaller chain spacing and, hence,
lower FFV values in the range of 0.15 to 0.21. These
conventional-free-volume glasses are much more effective as
molecular filters and can have very high diffusivity selectivities
for molecules of different sizes. Smaller CO2 is expected to
diffuse substantially faster than larger H2S in these materials.
Consequently, particularly at low pressures where polymer
swelling is not a factor, conventional-free-volume glasses should
be selective for CO2 over H2S.

Experimental Section

Materials. Experimental gas permeation and sorption data were
measured in a number of different fluorinated and nonfluorinated
polymers. For each class of polymer (fluorinated or nonfluorinated),
a representative rubber, high-free-volume glass, and conventional-
free-volume glass were selected for examination. This sampling
of polymers allows an investigation of the impact of polymer
structure on H2S transport properties. A summary of the polymers
studied and their relevant properties are shown in Table 1.

P ) S× D (1)

RA/B )
PA

PB
)

SA

SB
× DA

DB
(2)
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The nonfluorinated polymers studied were rubbery, cross-linked
PDMS, high-free-volume, glassy poly(1-trimethylsilyl-1-propyne)
[PTMSP], and two conventional-free-volume glasses, polycarbonate
(PC) and polysulfone (PSf). Filler-free, 200-µm-thick PDMS films
for sorption and permeation studies were prepared from an isooctane
solution of 40 wt % Dehesive 940A silicone (Wacker Chemical
Corporation, Adrian, MI) containing the manufacturer’s proprietary
cross-linker/catalyst system. The PDMS solution was cast onto glass
plates with a Teflon FEP-coated surface. After drying slowly at
ambient conditions for 2 days, the cast PDMS films were placed
in a 110°C oven for 20-30 min to remove residual solvent and to
fully cross-link the polymer. PTMSP polymer was kindly supplied
by Dr. J. J. Burke of Permea, Inc. (St. Louis, MO). PTMSP films
with a thickness of 100µm were cast from a 2 wt %toluene solution
as described previously.31 Due to the known physical aging
properties of PTMSP,32 sorption and permeation studies were
conducted on these films over a period of several hours during
which transport properties were stable within experimental uncer-
tainty. PC films with thicknesses of 40 and 125µm were supplied
by Dr. Benny Freeman’s polymer laboratory (currently at The
University of Texas at Austin but formerly at North Carolina State
University) and were used as received. PSf polymer (Aldrich
Chemical Co., Milwaukee, WI) was cast into a film from a 4 wt %
tetrahydrofuran solution. After drying at room temperature for 24
h, the cast PSf film was put in a 120°C oven to completely remove

residual solvent. The resulting PSf film tested had a thickness of
30 µm.

The fluorinated polymers studied for H2S sorption and transport
were two rubbery perfluoroelastomers designated as TFE/PMVE49
and TFE/PMVE/8CNVE, two high-free-volume, glassy polymers
with the trade name Teflon AF, and a conventional-free-volume,
perfluorinated glassy polymer with the trade name Cytop. Rubbery
TFE/PMVE49 and TFE/PMVE/8CNVE are random copolymers of
tetrafluoroethylene (TFE) and perfluoromethyl vinyl ether (PMVE)
and were kindly supplied by Dupont Dow Elastomers, L.L.C.
(Wilmington, DE). On a mole basis, TFE/PMVE49 is composed
of 50.7% TFE and 49.3% PMVE, while TFE/PMVE/8CNVE
consists of 47.5% TFE, 51.8% PMVE, and 0.7% perfluoro-8-cyano-
5-methyl-3,6-dioxa-1-octene (8CNVE). Isotropic films of these
materials were prepared by solution-casting from 2 wt % polymer
solutions in PF-5060, a perfluorinated solvent supplied by 3M (St.
Paul, MN). The cast films were dried at ambient conditions. Teflon
AF 1600 and Teflon AF 2400 (DuPont, Wilmington, DE), the two
grades of high-free-volume, fluorinated glasses examined in this
study, are random copolymers of TFE and 2,2-bis(trifluoromethyl)-
4,5-difluoro-1,3-dioxole (PDD). Teflon AF 1600 is composed of
35 mol % TFE and 65 mol % PDD; Teflon AF 2400 is 13 mol %
TFE and 87 mol % PDD. Films of these materials were prepared
by solution-casting as described previously.10 Film thicknesses were
30 µm for Teflon AF 1600 and 20µm for Teflon AF 2400.

Table 1. Chemical Structure and Relevant Properties of Polymers Studied

a FFV values computed from polymer density and group contribution methods.47 b N2 permeability values at room temperature.c In the chemical formula,
x ) 0.87 for Teflon AF 2400.
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Conventional-free-volume, glassy Cytop was purchased from Asahi
Glass Company (Tokyo, Japan). A film of this amorphous,
perfluorinated polymer was solution-cast from PF-5060, dried at
ambient conditions for 3 days until a nascent film was formed,
and then further dried in a vacuum oven at 80°C for 2 h toremove
residual solvent. Thickness of the Cytop film tested was 55µm.

For sorption experiments, high-purity carbon dioxide from
National Specialty Gases (Durham, NC) and high-purity hydrogen
sulfide from Matheson Tri-Gas (Newark, CA) were used. For gas
permeation studies, three gas mixtures were obtained (composition
on a mole basis): (i) a four-component syngas mixture containing
0.7% H2S, 11.7% CO2, 36.5% CO, and 51.1% H2; (ii) a second
syngas mixture composed of 1.5% H2S, 10.5% CO2, 46% CO, and
42% H2; and (iii) a binary mixture containing 15% H2S in nitrogen.
High-purity carbon dioxide and nitrogen were also used to measure
pure-gas permeabilities of some polymer films. The three H2S-
containing mixtures and both pure gases were supplied by National
Specialty Gases. All gases were used as received.

Sorption Measurements.The solubility of gases in the polymers
examined was measured with a high-pressure barometric sorption
apparatus.33 Initially, a polymer film was placed in a sample
chamber and exposed to vacuum overnight to outgas. Penetrant
gas was then introduced into the chamber and allowed to equilibrate.
Once the chamber pressure was constant, additional penetrant was
introduced, and equilibrium was reestablished. In this incremental
manner, penetrant uptake was measured as a function of penetrant
pressure. Sorption equilibrium for all gases was reached within, at
most, a few hours. The experimental temperature was ambient (21
( 1 °C) in these studies.

Permeation Measurements.Permeation properties were deter-
mined utilizing a modified constant-pressure/variable-volume ap-
paratus that had been described previously.17 The current incarnation
of this system uses a Millipore stainless steel filter holder with an
effective membrane surface area of 13.8 cm2. The filter holder has
been modified to include an inlet port on the low-pressure side to
allow for a sweep stream, an outlet port on the high-pressure side
to allow for a residue (nonpermeate) stream, and a thermocouple
near the film surface for accurate temperature measurement. Gas
stream compositions were measured by two gas chromatographs
(GCs) connected in series. The first GC is equipped with two
thermal conductivity detectors (TCDs) and is used for measuring
the concentration of non-sulfur gases. The second GC, operating
in sulfur mode, is outfitted with a flame photometric detector to
detect H2S concentrations less than 1% and a TCD to detect H2S
concentrations greater than 1%. A detailed description of this gas
analysis setup is available elsewhere.17

When steady-state transmembrane flux was reached and the feed
flow rate was much greater than the gas flux through the polymer
film (i.e., stage-cut, which equals permeate flux divided by feed
flux, < 1%), the following expression was used to evaluate
permeability:

wherePi is the permeability coefficient of component i,H is the
helium sweep gas flow rate,xi

P is the mole fraction of component
i in the permeate stream,xHe

P is the mole fraction of sweep helium
in the permeate stream,l is the film thickness,A is the film area
available for permeation,∆pi is the partial pressure difference across
the film for component i,T is the experimental temperature, and
pa is atmospheric pressure. All permeability coefficients are reported
in units of barrers, where 1 barrer) 10-10 cm3(STP)‚cm/(cm2‚s‚
cmHg).

Results and Discussion

Solubility. Figure 1 presents CO2 and H2S sorption isotherms
in TFE/PMVE49 and PDMS, a fluorinated and nonfluorinated

rubber, respectively. In both polymers, the sorption isotherms
are linear or slightly convex to the pressure axis, behavior that
is typical for gas sorption in rubbers. In PDMS, H2S is
substantially more soluble than CO2 (Figure 1a). For instance,
at 80 psia, PDMS sorbs almost 4 times as much H2S as it does
CO2 (33 vs 8.5 cm3(STP)/cm3). In contrast, at the same pressure,
TFE/PMVE49 sorbs more CO2 (6.7 cm3(STP)/cm3) than H2S
(4.8 cm3(STP)/cm3) (Figure 1b). This result for the fluoropoly-
mer is quite unusual because it is well-known that solubility
typically increases with gas critical temperature and H2S (373.2
K) has a higherTC than CO2 (304.1 K).

The generality of this unusual fluoropolymer sorption be-
havior is illustrated in Figures 2 and 3, which present CO2 and
H2S sorption isotherms in fluorinated and nonfluorinated, high-
free-volume and conventional-free-volume glassy polymers,
respectively. For each of these polymers, the sorption isotherms
are slightly concave to the pressure axis, which is typical
behavior for gas and vapor sorption in glassy materials. Teflon
AF 2400 and PTMSP possess the highest free volumes of all
known fluorinated and nonfluorinated polymers, respectively.
Similar to the sorption results in the rubbery polymers, H2S is
significantly more soluble than CO2 in PTMSP (Figure 2a),
whereas fluorinated Teflon AF 2400 sorbs more CO2 than H2S

Pi ) ( xi
PHl

xHe
P A∆pi

)(273.15pa

76T ) (3)

Figure 1. CO2 and H2S sorption isotherms in two rubbery polymers
at 21°C: (a) nonfluorinated PDMS and (b) fluorinated TFE/PMVE49.
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(Figure 2b). As demonstrated in Figure 3, the relative solubilities
follow the same trend in the two conventional-free-volume
glasses, PC and Cytop. These results indicate that, independent
of the state of the polymer (rubbery or glassy) or the relative
free volume of the polymer, there are large differences in the
CO2 and H2S relative solubilities in fluorinated polymers as
compared to that in nonfluorinated polymers. As will be shown
in the following discussion, this difference is caused by
unusually low H2S solubility in fluoropolymers.

Previous results indicate that gas solubility in polymers
generally scales with a measure of penetrant condensability such
as TC or (TC/T)2.10,12,34,35 Figures 4a and 4b present gas
solubilities as a function of (TC/T)2 for PDMS and Teflon AF
2400, respectively. (TC/T)2 has been used as the correlating
parameter for solubility in Figure 4 because it incorporates the
temperature dependence of solubility and, thus, allows the data
in the present work to be compared to prior results obtained
for these polymers at different experimental temperatures. For
both polymers, the logarithm of penetrant solubility generally
increases linearly with (TC/T)2. The N2, CO2, and H2S solubility
coefficients measured for PDMS in this study lie near the trend
line through the previous data. This result indicates that, in
nonfluorinated PDMS, the solubility of H2S is consistent with

what would be anticipated on the basis of this penetrant’s
molecular properties (i.e.,TC). In contrast, while the N2 and
CO2 solubility coefficients in Teflon AF 2400 are in agreement
with prior results, the H2S solubility in this fluorinated glass
falls significantly below the trend line through the other
penetrants. In fact, the actual value is approximately 5 times
lower than the H2S solubility anticipated from the correlation
line. This result clearly illustrates anomalously low H2S solubil-
ity in fluorinated Teflon AF 2400 and suggests that understand-
ing H2S solubility in fluoropolymers requires factors other than
simply penetrant condensability be taken into account.

Sorption of penetrant molecules into a polymer matrix can
be considered a two-step thermodynamic process consisting of
(i) condensation of penetrant molecules from the gas phase
followed by (ii) mixing of condensed penetrant with polymer
chains. The first step of this process depends on the penetrant
condensability at the experimental temperature, while the second
stage depends on polymer-penetrant interactions.36 Previously,
it was shown that multiplying the gas solubility coefficient with
the associated penetrant saturation vapor pressure,psat, at the
experimental temperature normalizes for differences in penetrant
condensability.9,37 Comparison of the resulting activity-basis
solubility, Sa, allows a direct examination of polymer-penetrant

Figure 2. CO2 and H2S sorption isotherms in two high-free-volume,
glassy polymers at 21°C: (a) nonfluorinated PTMSP and (b) fluorinated
Teflon AF 2400.

Figure 3. CO2 and H2S sorption isotherms in two conventional-free-
volume, glassy polymers at 21°C: (a) nonfluorinated PC and (b)
fluorinated Cytop.
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interaction effects on solubility. Activity-basis solubility may
be expressed as

Figure 5 compares the ratio of CO2 to H2S activity-basis
solubility coefficients for each of the six polymers examined
in Figures 1-3. TheSa values were calculated as the product of
the infinite-dilution solubilities extracted from the sorption
isotherms and the penetrant saturation vapor pressures at 21
°C. For the nonfluorinated polymers, the H2S activity-basis
solubility is nearly equivalent or slightly lower than that for
CO2. Previously, activity-basis solubility was shown to be a
weak function of penetrant size, with larger penetrants having
lower solubility due to the greater energy required to create an
opening in the polymer matrix to accommodate them relative
to smaller species.9 Because H2S is slightly larger than CO2, it
is reasonable that the CO2 activity-basis solubility in a polymer
could be somewhat higher than that of H2S. For example, the
activity-basis solubility of CO2 is 9-10% higher than the value
for H2S in PTMSP. Nevertheless, aside from these small
differences, the solubility results for the nonfluorinated polymers

are consistent with a sorption process that depends primarily
on penetrant condensability with little influence of polymer-
penetrant interactions. For the fluoropolymers, however, H2S
activity-basis solubility is significantly lower than that of CO2.
In Cytop, for example, the activity-basis solubility is nearly 5
times lower for H2S than for CO2. Such a large difference in
solubility values that have been normalized for penetrant
condensability variations suggests a significant influence of
polymer-penetrant interactions in this system. The low H2S
activity-basis solubility in Cytop and the other fluoropolymers
indicates unfavorable interactions between this penetrant and
fluoropolymers relative to the interactions between CO2 and
these polymers. This unfavorable H2S-fluoropolymer interaction
is responsible for the observed low H2S solubility in fluoropoly-
mers.

Several recent studies10-12 have shown that unusually low
hydrocarbon gas solubility in fluorinated polymers parallels
gas-liquid and liquid-liquid solubility behavior for hydrocar-
bon-fluorocarbon mixtures. This comparison was made possible
by the existence of hydrocarbon solubility data in fluorinated
liquids. However, for the present case, the authors are not aware
of any published data describing hydrogen sulfide solubility in
fluorinated liquids. This limits our ability to make any gener-
alizations about H2S solubility in fluorinated media. The closest
gas-liquid system for which solubility data exists is a compila-
tion of H2S solubility in halogenated liquid alkanes containing
bromine, chlorine, or iodine.38 These data show that, as the
number of halogen atoms in the solvent molecule increases (and
the number of hydrogen atoms decreases), H2S solubility
decreases. It has been suggested that this result indicates H2S
solubility in haloalkanes is influenced by hydrogen bond
formation.38 As the hydrogen content of the liquid alkane
decreases, so does the capacity to form hydrogen bonds with
H2S; consequently, H2S solubility decreases. This hypothesis
is consistent with our data, which show that complete halogena-
tion (with fluorine) of the sorbing polymer results in greatly
reduced H2S solubility relative to that in nonfluorinated
polymers.

Recent efforts to describe hydrocarbon-fluorocarbon solubil-
ity data using regular solution theory,39 modern equation-of-
state approaches,40,41and state-of-the-art computer simulations42

have failed to uncover the underlying molecular phenomena
responsible for the observed anomalous sorption behavior. In

Figure 4. Penetrant infinite-dilution solubility in (a) nonfluorinated
PDMS and (b) fluorinated Teflon AF 2400 as a function of (TC/T)2.
Open symbols represent data from previous studies at 35°C,10,39 and
solid symbols are for data measured at 21°C in this work.

Sa ) Spsat) (Cp)psat (4)

Figure 5. Ratio of CO2 to H2S activity-basis solubility coefficients
for six different polymers. Calculated saturation vapor pressures at 21
°C: 59.5 atm for CO2 and 18.5 atm for H2S.30
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each case, unusually low solubility was traced to unlike molecule
interactions that are more unfavorable than predicted by
conventional mixing rules.43 It will be interesting to see whether
any of these approaches might explain the anomalously low
H2S solubility in fluoropolymers described here.

The impact of low H2S solubility on selectivity in fluoropoly-
mers is illustrated in Table 2, which presents CO2 and H2S
solubility coefficients and H2S/CO2 solubility selectivity values
for several different fluorinated and nonfluorinated polymers.
On the basis of a model developed from classical thermodynam-
ics for gas solubility in polymers,44 solubility scales exponen-
tially with gas critical temperature in the absence of specific
interactions. Consequently, a theoretical polymer H2S/CO2

solubility selectivity can be expressed as a function of gas critical
temperatures in the following manner:

where b is an empirical constant that has previously been
reported to be 0.017 K-1 for a wide variety of polymers.35 Given
the respective critical temperatures of H2S and CO2, eq 5
predicts that the theoretical H2S/CO2 solubility selectivity in
polymers is 3.2. For the nonfluorinated polymers (PDMS,
PTMSP, and PC) examined, their measured H2S/CO2 solubility
selectivity is close to this predicted theoretical value. However,
as shown in Table 2, the measured H2S/CO2 solubility selectivity
for the three fluoropolymers (TFE/PMVE49, Teflon AF 2400,
and Cytop) is less than 1. This result again highlights the
difference in H2S sorption behavior between fluorinated and
nonfluorinated polymers and demonstrates how solubility can
affect overall membrane selectivity. In nonfluorinated polymers,
H2S enjoys a significant solubility advantage over CO2, allowing
larger H2S to be more permeable than CO2 in weakly size-
sieving polymers while lowering the overall CO2/H2S perme-
ability selectivity in more strongly size-selective materials. On
the other hand, in fluoropolymers, the unfavorable interaction
between H2S and the fluorinated polymer matrix robs H2S of
its usual solubility advantage over CO2, thereby maximizing
the CO2/H2S permeability selectivity that can be achieved for a
given diffusion selectivity. It is also interesting to note that,
among the fluoropolymers studied, the H2S/CO2 solubility
selectivity is slightly higher in high-free-volume Teflon AF
2400. This result may suggest that the unfavorable interaction
causing low H2S solubility in fluorinated polymers is amplified
in lower-free-volume materials (e.g., Cytop, TFE/PMVE49)
where penetrant molecules and polymer chains are forced into
more intimate contact.

Permeability. Figure 6 presents mixed-gas permeability
coefficients of H2, N2, CO2, and H2S in PDMS as a function of
gas partial pressure difference across the polymer film. Con-
sistent with previous results for this nonfluorinated, rubbery
polymer,23 the H2S permeability coefficient is higher than those
of the light gases (H2 and N2) and even that of CO2. For instance,
at low pressure, PDMS is 1.5 times more permeable to H2S
than to CO2. The H2S permeability in PDMS is also strongly
pressure-dependent, which is typical behavior for highly sorbing
penetrants. Because H2S permeability increases with pressure
faster than CO2, the mixed-gas H2S/CO2 selectivity increases
to 2.1 at the maximum H2S partial pressure examined (i.e., 16
psia). These PDMS results are consistent with the behavior of
weakly size-sieving polymers in which solubility determines
overall relative permeability and more condensable H2S sorbs
preferentially over CO2.

In Figure 7, various gas permeability coefficients in perflu-
orinated Cytop are also plotted as a function of gas partial
pressure difference. The relative permeability of H2S in this
glassy fluoropolymer is very different from that observed in
rubbery PDMS. In Cytop, H2S is much less permeable than CO2,
H2, or N2. Consequently, Cytop exhibits a very high CO2/H2S
selectivity ranging from 20 to 27 depending on pressure. This
result is partly due to (i) H2S being larger than the light gases
and (ii) Cytop being a size-sieving, glassy polymer in which
relative permeability is governed by diffusion selectivity.
However, based on the data in Table 2, abnormally low H2S
solubility in Cytop also significantly influences selectivities
involving this gas. For example, CO2/H2S solubility selectivity
in Cytop is approximately 4.5 times higher than that in common
nonfluorinated polymers. Thus, relative to that of a hypothetical
nonfluorinated polymer with equivalent diffusion selectivity, the
overall CO2/H2S permeability selectivity of the Cytop membrane
would be higher by a factor of 4.5 because of solubility effects.

A useful comparison is to contrast the permeation properties
of Cytop with those of a nonfluorinated, conventional-free-
volume glass such as PC. In Figure 8, the gas permeability
coefficients in glassy PC are shown as a function of gas partial
pressure difference. The H2 and CO2 permeabilities measured
for PC in our study are similar to values reported by previous
researchers. For example, at the slightly higher temperature of

Table 2. Infinite-Dilution H 2S and CO2 Solubilities and H2S/CO2

Solubility Selectivity in Nonfluorinated and Fluorinated Polymers

solubilitya

[cm3(STP)/(cm3‚atm)]

polymer CO2 H2S

H2S/CO2

solubility
selectivitya

Nonfluorinated Polymers
PDMS 1.5 5.0 3.3
PTMSP 8.2 24 2.9
PC 7.5 23 3.1

predicted theoretical valueb 3.2

Fluorinated Polymers
TFE/PMVE49 1.1 0.73 0.66
Teflon AF 2400 5.5 4.6 0.83
Cytop 1.3 0.87 0.69

a Infinite-dilution values at 21°C. b Estimated from eq 5 according to a
classical thermodynamics theory for gas solubility in polymers.

SH2S

SCO2

) exp[b(TC
H2S - TC

CO2)] (5)

Figure 6. Mixed-gas permeability coefficients in PDMS at 21°C as
a function of gas partial pressure difference. Solid symbols represent
data collected using a binary feed gas containing 15% H2S in nitrogen.
Open symbols are for data obtained using a syngas mixture containing
0.7% H2S, 11.7% CO2, 36.5% CO, and balance H2.
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25 °C, Norton measured pure-gas permeabilities of 12 barrers
for H2 and 8.0 barrers for CO2 in Lexan PC.45 These literature
values compare favorably with our low-pressure, mixed-gas H2

and CO2 permeabilities of 10 and 6.9 barrers for H2 and CO2,
respectively. Like Cytop, PC is a conventional-free-volume, size-
sieving polymer in which relative permeability is largely
determined by diffusivity selectivity. Consequently, smaller CO2

is more permeable than larger H2S in PC. However, the
difference in the permeabilities of these two gases is much
smaller in PC than in Cytop. For example, at infinite dilution
(i.e.,∆pi ) 0), PC has a CO2/H2S selectivity of only 4.5, while
Cytop shows a substantially higher selectivity of 30. Further-
more, the difference in CO2/H2S selectivity of these two
polymers becomes even greater at higher H2S partial pressures
because H2S permeability exhibits much stronger pressure

dependence in PC than in Cytop. For example, over a similar
H2S partial pressure range, H2S permeability increases by 200%
in PC (Figure 8) but increases by only 28% in Cytop (Figure
7). The large H2S permeability rise in PC suggests that this
nonfluorinated, glassy polymer is strongly plasticized by H2S.
Plasticization of glassy polymers is a phenomenon whereby
highly sorbing species cause polymer swelling that typically
increases polymer free volume and polymer chain mobility.
Thus, sorption-induced plasticization increases gas diffusion
coefficients and, in turn, permeability coefficients.

Further evidence of H2S-sorption-induced plasticization of
PC is the high mixed-gas permeability coefficients measured
for N2 during its co-permeation with H2S. At an H2S partial
pressure of 17.4 psia, PC has a mixed-gas N2 permeability of
2.1 barrers, which is 7 times higher than its measured pure-gas
N2 permeability of 0.29 barrers (Figure 8). In contrast, for Cytop,
the mixed-gas N2 permeability measured during co-permeation
with H2S is essentially the same as the pure-gas value (Figure
7). This result suggests that low H2S sorption in Cytop renders
this perfluorinated polymer resistant to plasticization by H2S,
whereas nonfluorinated PC exhibits evidence of strong sorption-
induced plasticization.

The effect of penetrant size on gas permeability coefficients
in Cytop, PC, and PSf is shown in Figure 9. Typically, in
conventional-free-volume, glassy polymers, gas permeability
decreases regularly with increasing penetrant size, as character-
ized by critical volume or kinetic diameter. This is generally
the case for permeabilities in Cytop, PC, and PSf. The primary
deviation from this trend is the unusually low H2S permeability
in Cytop. As shown in Figure 9, the measured H2S permeability
in Cytop is about 6.5 times lower than the value expected on
the basis of H2S molecular size and the correlation line through
the other penetrants. This low H2S permeability in Cytop is a
result of the aforementioned unfavorable interaction between
H2S and the fluorinated polymer matrix.

To highlight the unusual nature of the CO2/H2S selectivity
exhibited by fluorinated materials, Table 3 compares the CO2

and H2S permeation properties measured for several fluorinated
and nonfluorinated polymers. For nonfluorinated, rubbery
polymers (PDMS and Pebax, a polyether-polyamide block
copolymer) and a nonfluorinated, high-free-volume glass
(PTMSP), H2S is more permeable than CO2. The nonfluorinated,

Figure 7. Gas permeability coefficients in Cytop at 21°C as a function
of gas partial pressure difference. Solid symbols represent mixed-gas
data obtained with a 15% H2S in nitrogen mixture. Open symbols are
data collected with a syngas mixture containing 0.7% H2S, 11.7% CO2,
36.5% CO, and balance H2. (It is noted that H2S permeability was too
low to be measured with the syngas mixture.) Open symbols with
diagonal lines are pure-gas data points.

Figure 8. Gas permeability coefficients in PC at 21°C as a function
of gas partial pressure difference. Solid symbols represent mixed-gas
data obtained with a 15% H2S in nitrogen mixture. Open symbols are
data collected with a syngas mixture containing 0.7% H2S, 11.7% CO2,
36.5% CO, and balance H2. Open symbols with diagonal lines are pure-
gas data points. Pure-gas N2 data were determined at 35°C.

Figure 9. Gas permeability coefficients at∆pi ) 0 and 21°C in
fluorinated Cytop and nonfluorinated PC and PSf as a function of
penetrant molecular size.
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conventional-free-volume, glassy polymers exhibit mixed be-
havior, with some glasses (PC, PSf, and cellulose acetate) being
slightly CO2-selective and one (nylon-6) being more permeable
to H2S. In contrast, all of the fluorinated polymers examined (a
rubber as well as high- and conventional-free-volume glasses)
are more permeable to CO2 than to H2S. According to the data
in Table 3, CO2/H2S selectivity increases with decreasing
fluoropolymer permeability. For example, at the test conditions
examined, the CO2/H2S selectivity is as high as 27 for Cytop
(CO2 permeability∼ 17 barrers) and only 5.6 for Teflon AF
2400 (CO2 permeability∼ 2300 barrers). This selectivity trend
in the fluoropolymers is attributed to the following two factors:

(1) A lower-permeability polymer tends to be more size-
sieving and, hence, will favor the transport of smaller CO2 over
that of larger H2S. Consequently, Cytop, the least permeable
fluoropolymer investigated, will have the highest CO2/H2S
diffusion selectivity.

(2) A lower-permeability polymer typically has less free
volume and, hence, higher density than a higher-permeability
material. In a denser fluoropolymer structure, any unfavorable
chemical interaction between H2S and the fluorinated matrix
will be amplified because the penetrant and polymer would be
forced into more intimate contact. As a result, H2S solubility
will be suppressed to a greater extent in a fluoropolymer with
lower free volume (e.g., Cytop) than in one with a higher free
volume (e.g., Teflon AF 2400), yielding higher CO2/H2S
solubility selectivity in the lower-free-volume material.

Figure 10 presents the data of Table 3 in the form of a
selectivity-permeability tradeoff plot of the type popularized
by Robeson.46 For size-selective separations, these plots typically
show that, as the permeability of polymer membranes increases,
their size selectivity decreases and vice versa. Ideally, for
separation applications, polymers with both high permeability
and high selectivity are desired. Graphically, this desirable
combination of transport properties corresponds to the upper
right-hand quadrant of a tradeoff plot. Polymers with properties
that fall closest to this region are termed “upper bound”
materials. Figure 10 shows that fluoropolymers are clearly the
upper bound materials for CO2/H2S membrane separations.

Decomposition of the overall CO2/H2S permeability selectiv-
ity into its respective solubility and diffusivity selectivity

contributions is shown in Table 4 for several fluorinated and
nonfluorinated polymers to quantitatively illustrate the effect
of low H2S solubility in fluoropolymers on membrane separation
properties. In each of the polymers, CO2 has a higher diffusion
coefficient than H2S, consistent with the smaller molecular size
of CO2. The order of CO2/H2S diffusivity selectivity in the
polymers examined is Cytop> PC > Teflon AF 2400 >
PTMSP> PDMS. This ranking is consistent with the known
size-sieving capacity of these polymers, as deduced from their
free volume and chain mobility.

For nonfluorinated PDMS and PTMSP, the transport advan-
tage that CO2 gains from the diffusion step is offset by the
significantly higher solubility of H2S relative to that of CO2 in
these polymers. As a result, PDMS and PTMSP are more
permeable to H2S than to CO2 even though CO2 diffuses faster
in them. On the basis of the data in Table 3, this appears to be
a rather common result for nonfluorinated polymers. For high-
free-volume Teflon AF 2400, the unfavorable interaction of H2S
with the fluorinated matrix eliminates the usual H2S solubility
advantage. In fact, CO2 both sorbs more and diffuses faster than
H2S in this fluoropolymer. Consequently, Teflon AF 2400 is
significantly more permeable to CO2 than to H2S. For the
two conventional-free-volume polymers, Cytop and PC, the
CO2/H2S diffusivity selectivities are relatively high due to the
stronger size-discriminating nature of these materials. For
nonfluorinated PC, high H2S solubility detracts from the overall
CO2/H2S permeability selectivity, resulting in PC having lower
CO2/H2S permeability selectivity than weakly size-sieving
Teflon AF 2400. In contrast, both solubility selectivity and
diffusivity selectivity favor CO2 in fluorinated Cytop, resulting

Table 3. Mixed-Gas CO2 Permeability and CO2/H2S Selectivity for
Various Nonfluorinated and Fluorinated Polymers

polymer
CO2 permeability

(barrer)
CO2/H2S
selectivity source

Nonfluorinated Polymers
PTMSP 18 000 0.85 this worka

PDMS 4400 0.66 this workb
Pebax 1657 69 0.27 this workc

Pebax 1074 122 0.22 this workc

PC 6.5 4.3 this workb
PSf 3.8 3.9 this workc
cellulose acetate 2.4 1.2 ref 25d

nylon-6 0.088 0.26 ref 19

Fluorinated Polymers
Cytop 17 27 this worke
TFE/PMVE/8CNVE 28 8.0 this workf
Teflon AF 1600 680 6.8 this worka

Teflon AF 2400 2300 5.6 this worka

a Feed gas mixture: 1.5% H2S, 10.5% CO2, 46% CO, and balance H2;
T ) 23 °C; ∆p ) 20 psig b Feed gas mixture: 0.7% H2S, 11.7% CO2,
36.5% CO, and balance H2; T ) 21 °C; ∆p ) 100 psig.c Same feed mixture
as footnoteb, but ∆p ) 190 psig.d T ) 35 °C; ∆p ) 147 psig.e CO2

permeability was measured with the mixture given in footnoteb, but H2S
permeability was too low to be measured with this feed composition. H2S
permeability was obtained using a binary 15% H2S in nitrogen mixture.
Experiments were conducted atT ) 21 °C and∆p ) 100 psig.f Same
feed mixture as footnotea, exceptT ) 37 °C and∆p ) 100 psig.

Figure 10. Membrane CO2/H2S selectivity as a function of CO2
permeability for various fluorinated and nonfluorinated polymers.

Table 4. Infinite-Dilution Permeability, Solubility, and Diffusivity
Selectivities for CO2 over H2S in Nonfluorinated and Fluorinated

Polymers

polymer PCO2/PH2S SCO2/SH2S DCO2/DH2S
a

Nonfluorinated Polymers
PDMS 0.65 0.30 2.2
PTMSP 0.85 0.34 2.5
PC 4.5 0.32 14

Fluorinated Polymers
Teflon AF 2400 5.6 1.2 4.7
Cytop 30 1.5 20

a Diffusivity selectivities calculated from infinite-dilution permeability
and solubility selectivities by using eq 2.
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in the highest overall CO2/H2S permeability selectivity of the
materials studied.

Conclusions

The permeability of fluoropolymer membranes to hydrogen
sulfide is substantially lower than what would be expected on
the basis of the molecular properties of this penetrant. In
contrast, H2S permeability in nonfluorinated polymers follows
standard correlations of permeability with penetrant size. As a
consequence, the selectivity of fluorinated membranes for
separations involving H2S is very different from that of
nonfluorinated membranes. The anomalously low H2S perme-
ability in fluoropolymers is caused primarily by low H2S
solubility. This unexpected solubility behavior appears to be
related to unfavorable interactions between H2S and fluorinated
polymers.

Generally speaking, the fact that a given fluoropolymer offers
significantly greater resistance to H2S transport than an analo-
gous nonfluorinated polymer is an important material selection
guideline. The extremely low H2S solubility in fluoropolymers,
in addition to imparting low permeability, also suggests that
membranes fabricated from these materials will not be subject
to H2S-induced plasticization and consequent performance
losses. This information should prove useful to process designers
using fluorinated membranes for applications, such as natural
gas treatment, in which H2S is present.
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Plasticization-Enhanced
Hydrogen Purification Using
Polymeric Membranes
Haiqing Lin,1,2 Elizabeth Van Wagner,1 Benny D. Freeman,1* Lora G. Toy,3 Raghubir P. Gupta3

Polymer membranes are attractive for molecular-scale separations such as hydrogen purification
because of inherently low energy requirements. However, membrane materials with outstanding
hydrogen separation performance in feed streams containing high-pressure carbon dioxide
and impurities such as hydrogen sulfide and water are not available. We report highly
permeable, reverse-selective membrane materials for hydrogen purification, as exemplified
by molecularly engineered, highly branched, cross-linked poly(ethylene oxide). In contrast
to the performance of conventional materials, we demonstrate that plasticization can be
harnessed to improve separation performance.

H
ydrogen is produced primarily by

steam reforming of hydrocarbons fol-

lowed by the water-gas shift reaction,

which yields a hydrogen product containing

impurities such as CO
2
, H

2
S, and H

2
O (1).

The hydrogen must be purified for further

use, and based on the high volumes currently

produced and the likelihood for this produc-

tion to increase, even a small improvement in

H
2
purification efficiency could substantial-

ly reduce the costs. Membrane technology is

attractive for molecular-scale separations be-

cause of inherent advantages such as high

energy efficiency, excellent reliability, and a

small footprint (2–5). The potential applica-

bility of membrane technology relies strongly

on the ability of membrane materials to ex-

hibit high separation performance at practical

feed conditions (e.g., with feed streams that

contain high-pressure CO
2
and impurities such

as H
2
S and H

2
O).

Highly permeable and highly selective mem-

brane materials are desired for CO
2
/H

2
sep-

aration. Gas permeability P, which is the

steady-state, pressure- and thickness-normalized

gas flux through a membrane, is usually ex-

pressed as P 0 S � D, the product of gas sol-

ubility S and gas diffusivity D in the polymer

membrane (6). Selectivity a
A/B

, which charac-

terizes the ability of a membrane to separate

gases A and B, is given by

aA=B 0
PA

PB

0
SA

SB
� DA

DB

ð1Þ

where S
A
/S

B
is the solubility selectivity and

D
A
/D

B
is the diffusivity selectivity (6). The se-

lectivity of CO
2
over H

2
, aCO2=H2

, reflects the

tradeoff between favorable solubility selectiv-

ity (CO
2
is more condensable than H

2
and,

therefore, SCO2
=SH2

9 1) and unfavorable dif-

fusivity selectivity (CO
2
is larger than H

2
, so

DCO2
=DH2

G 1) (7). In conventional polymeric

membrane materials (8) and those based on

carbon (4) and silica (9, 10), overall gas se-

lectivity is dominated by diffusivity selectivity

and, therefore, these materials are typically more

permeable to H
2
than to CO

2
. Consequently, the

H
2
product is produced in the permeate at low

pressure, even though further downstream

utilization requires H
2
at high pressure. Expen-

sive recompression of the H
2
product hence

diminishes the advantage of membrane tech-

nology relative to that of conventional separa-

tion technologies, such as pressure swing

adsorption, that produce H
2
at or near feed

pressure (1, 2, 6). To minimize or avoid H
2
re-

compression, optimal membrane materials

should be reverse selective (i.e., more permeable

to largermolecules, such as CO
2
, than to smaller

molecules, such as H
2
). Here, we propose that

to achieve very high CO
2
/H

2
selectivity, a

membrane must exhibit favorable interactions

with CO
2
to enhance solubility selectivity and

have very weak size-sieving ability to bring

DCO2
=DH2

as close to 1 as possible. Guided by

these material design principles, we prepared

and characterized a family of highly branched

polymers based on poly(ethylene oxide) (PEO)

and found that these polymers display excel-

lent CO
2
/H

2
separation performance. Counter-

intuitively, the CO
2
/H

2
selectivity and CO

2

permeability improve as CO
2
partial pressure

increases (i.e., as CO
2
concentration sorbed in

the polymer increases). This is in contrast to

the behavior of conventional, strongly size-

selective materials, for which raising CO
2
partial

pressure typically decreases selectivity (11).

In a recent review of the influence of

primary chemical structure on CO
2
/H

2
separa-

tion properties of polymers, ethylene oxide

(EO) units were identified as the best chemical

groups for such membranes because the polar

ether oxygens in EO units interact favorably

with CO
2
, resulting in high solubility selectivity

(12). Polymers containing EO can be highly

flexible, leading to weak size-sieving behavior

and high diffusion coefficients, two factorswhich

contribute directly to high CO
2
permeability and

high CO
2
/H

2
selectivity (12, 13). However, pure

PEO exhibits very low CO
2

permeability

Eapproximately 12 Barrers (14) at 35-C and

infinite dilution^ as a result of high crystallinity

levels (7). Additionally, the presence of crys-

talline regions in pure PEO reduces polymer

chain mobility in the amorphous phase and

increases size-sieving ability, thereby de-

creasing CO
2
/H

2
selectivity (12). To circum-

vent this limitation and effectively frustrate

crystallization, short non-PEO segments are

introduced into the polymer backbone to

interrupt the EO repeat units. Chain branches

containing short, noncrystallizable segments of

EO are also introduced randomly into the chain

backbone to further inhibit crystallinity. This

leads to amorphous materials with higher gas

permeability and higher CO
2
/H

2
selectivity than

semicrystalline PEO. Plasticization further

improves their CO
2
/H

2
separation properties,

in contrast to the view that plasticization always

reduces polymer membrane separation per-

formance, as it does in the case of CO
2
/CH

4

separation in natural gas purification (15). More-

over, all polymers are more permeable to CO
2

than to CH
4
because CO

2
has higher diffusiv-

ity (because of its smaller molecular size) and

higher solubility (because of its greater tend-

ency to condense) than CH
4
. In contrast,

polymers that are more permeable to CO
2

than to H
2
are much rarer because the smaller

size of H
2
favors its permeation over that of

the larger CO
2
.
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Our family of amorphous, high-molecular-

weight, cross-linked, network copolymers was

synthesized by photopolymerizing different com-

position ratios of poly(ethylene glycol) diacrylate

EPEGDA: CH
2
0CHCOO(CH

2
CH

2
O)

14
OCCH0

CH
2
^ and poly(ethylene glycol) methyl ether acry-

late EPEGMEA: CH
2
0CHCO(OCH

2
CH

2
)
8
OCH

3
^

(16, 17). The resulting copolymer network has

the general chemical structure shown in Fig. 1.

PEGDA contains EO units in its backbone, and

PEGMEA has pendant EO units. Cross-linked

copolymer samples with 0 to 99 weight per-

cent (wt %) PEGMEA and the balance PEGDA

were prepared and characterized. Independent

of the concentration of PEGDA and PEGMEA,

the copolymers contain about 82 wt % EO. In-

creasing PEGMEA content increases fractional

free volume and, in turn, CO
2
permeability and

pure-gas CO
2
/H

2
selectivity. However, at low

temperatures (e0-C), materials with very high

PEGMEA content (e.g., 91 wt %) crystallize,

resulting in a substantial permeability decrease

below 0-C. We extensively investigated the

CO
2
/H

2
permeation properties of the 70 wt

% PEGMEA/30 wt % PEGDA copolymer at

–20-, 10-, and 35-C with pure gases and three

binary CO
2
/H

2
mixtures of different composi-

tions (16). We chose this temperature range not

only because this copolymer does not crystallize

over this range but also because this range is

consistent with the operating temperature of

some industrial processes currently used for H
2

purification (1). Additionally, to determine the

effect of H
2
O and H

2
S impurities on CO

2
/H

2

separation properties, the 91 wt % PEGMEA/9

wt % PEGDA copolymer was characterized at

22-C with a moisture-laden CO
2
/H

2
mixture and

a four-component, H
2
S-containing gas mixture

that mimicked the composition of process syn-

thesis gas. In both pure- and mixed-gas studies,

the PEGMEA/PEGDA films were physically

stable at transmembrane pressure differences

up to 21 atm (the maximum value explored in

our study), and their gas permeability coeffi-

cients were independent of previous thermal

and gas exposure history, as expected for rub-

bery polymers. Permeability coefficients were

independent of film thickness, which varied from

70 to 500 mm.

Figure 2 shows the dependence of CO
2
and

H
2
permeability coefficients on CO

2
partial

pressure in the feed at different temperatures.

As CO
2
partial pressure increases, CO

2
and H

2

permeabilities increase at all temperatures; the

permeability rise is greater at lower temperatures

because of higher CO
2
thermodynamic activity

(at a fixed partial pressure) in the polymer film

at cooler temperatures. Both pure- and mixed-

gas permeabilities also follow the same trends,

suggesting that the permeability increase is in

large measure a result of increasing CO
2
partial

pressure. As indicated by an increase in CO
2

diffusivity with increasing CO
2
concentration in

the film (18), CO
2
sorbed in the polymer

plasticizes the polymer chains, leading to an

increase in fractional free volume and, in turn,

gas permeability. With decreasing temperature,

CO
2
sorption and, hence, plasticization increase

so that the effect of CO
2
partial pressure on

permeability becomes even stronger.

Decreasing temperature typically decreases

gas permeability as a result of a reduction in

polymer chain mobility and, therefore, diffu-

sivity at lower temperatures (6, 19). However,

Fig. 2A demonstrates that decreasing tempera-

ture does not necessarily decrease CO
2
perme-

ability, especially at high CO
2
partial pressure.

For example, at a CO
2
feed partial pressure of

17 atm, the CO
2
permeability at –20-C is 410

Barrers, which is higher than that at 10-C (300

Barrers) and very similar to that at 35-C (440

Barrers). Thus, the permeability decrease that

would normally accompany a temperature re-

duction is essentially offset by the increase in

CO
2
solubility and the increased plasticization

of the polymer by CO
2
, which increases dif-

fusivity at lower temperatures.

Decreasing temperature considerably in-

creases mixed-gas CO
2
/H

2
selectivity. As

shown in Fig. 3, at a CO
2
partial pressure of

17 atm, mixed-gas selectivity increases from

9.4 to 31 as temperature decreases from 35- to
–20-C. Furthermore, the selectivity of 31 is

accompanied by a CO
2
permeability of 410

Barrers, which is orders of magnitude higher

than that observed in conventional polymer

membranes used for CO
2

separations (6).

Facilitated transport membranes can exhibit

high CO
2
/light gas selectivity at low CO

2

partial pressure (È1 atm or less); however, the

selectivity in these materials decreases strongly

as CO
2

pressure increases (20–22). Such

materials are often studied for low CO
2
partial

pressure applications (e.g., removal of CO
2

Fig. 1. Schematic representation of
PEGDA/PEGMEA copolymer network.
Italicized and bolded parts of the
network derive from the cross-linker.
R1 is CO(OCH2CH2)8OCH3 from
PEGMEA; R2 is COO(CH2CH2O)14OC
from PEGDA.
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Fig. 2. Effect of tem-
perature and CO2 upstream
partial pressure on (A) pure-
and mixed-gas CO2 perme-
ability and (B) pure- and
mixed-gas H2 permeability
in 70 wt % PEGMEA/30 wt
% PEGDA copolymer (14).
Pure-gas permeability data
are shown as open circles
()). Mixed-gas CO2/H2

feed compositions (in mol
% CO2:mol % H2) were
10:90 (&), 50:50 (D), and
80:20 (4). Uncertainty in
the permeability data was
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from breathing gas aboard spaceships) (20).

However, they cannot operate at the high

pressures required for hydrogen applications

because they are often based on liquids sup-

ported in porous media, and the liquids typ-

ically cannot be maintained in the porous

support when a large pressure difference is

applied across the membrane (23, 24).

Mixed-gas selectivity is essentially indepen-

dent of CO
2
partial pressure at 35- and 10-C

(Fig. 3). However, as CO
2
partial pressure

increases at –20-C, mixed-gas CO
2
/H

2
selectiv-

ity increases by 35%. In conventional size-

sieving polymers, plasticization of the polymer

by CO
2

or other condensable components

results in mixed-gas selectivity values that de-

crease, often markedly, as CO
2
partial pressure

increases (11) or when other strongly sorbing

impurities such as higher hydrocarbons are

present (25). For example, when the CO
2

partial pressure increased from 1 to 10 atm, the

CO
2
/CH

4
selectivity of a rigid, glassy, strongly

size-sieving, aromatic polyimide decreased

from 40 to about 4 (11).

We ascribe the mixed-gas CO
2
/H

2
selec-

tivity results for the PEGMEA/PEGDA co-

polymers to the inherent transport properties of

these reverse-selective materials (3, 26). At high

CO
2
partial pressures, these materials sorb con-

siderable amounts of CO
2
, leading to swelling

and an increase in free volume, which presum-

ably decreases the glass transition temperature

(T
g
) (27–29) and weakens the size-sieving

ability of the membrane (26).

Figure 4 presents a permeability/selectivity

map for CO
2
/H

2
separation. The upper bound

line in the figure gives an estimate of the

highest pure-gas selectivity possible for a given

permeability in polymer-based materials at

25-C (8). Unlike separation based on strong

size-sieving ability Ewhere there is a strong

tradeoff between permeability and selectivity

(8, 30)^, the positive slope of the upper bound

indicates that high CO
2
permeability and high

CO
2
/H

2
selectivity may be achieved simulta-

neously. The PEGMEA/PEGDA copolymers

we explored exhibit excellent separation perform-

ance for CO
2
/H

2
mixtures, and decreasing

temperature actually moves the CO
2
/H

2
sepa-

ration performance above the upper bound line.

However, because this line is commonly es-

tablished by permeation properties of polymers

at or near 25-C (8), the upper bound may shift

as temperature deviates from 25-C. Currently,
there is no model to predict the temperature

dependence of the upper bound, and there are

not yet enough systematic experimental data

available to provide clear evidence of its

temperature dependence.

The effect of impurities such as H
2
O and

H
2
S on CO

2
/H

2
separation properties was in-

vestigated at 22-C with the 91 wt % PEGMEA/9

wt % PEGDA copolymer. Although this mate-

rial crystallizes at about 0-C, it is wholly amor-

phous at the experimental temperature studied.

Because it contains more PEGMEA, this co-

polymer is more permeable than the 70 wt %

PEGMEA/30 wt % PEGDA material presented

in Figs. 2 to 4. At 25-C, the infinite-dilution

CO
2
permeability is 380 Barrers for the 91 wt

% PEGMEA copolymer and 280 Barrers for

the 70 wt % PEGMEA material. The addition

of 0.33 mole percent (mol %) H
2
O vapor (i.e.,

100% relative humidity) to a feed gas contain-

ing a 1:3 mixture of CO
2
:H

2
at 22-C and a feed

pressure of 8.0 atm increased CO
2
permeability

of the 91 wt % PEGMEA copolymer from 360

to 515 Barrers and its mixed-gas CO
2
/H

2
selec-

tivity from 7.8 to 12. We ascribe this change to

plasticization by H
2
O, which tends to improve

CO
2
/H

2
separation performance by a mecha-

nism probably very similar to that by which

higher CO
2
partial pressure increases CO

2
/H

2

selectivity.

The 91 wt % PEGMEA copolymer was also

evaluated with a four-component gas mixture

composition representative (on a dry basis) of

a synthesis gas stream produced by a commer-

cial General Electric (formerly, Texaco) quench

gasifier (31). This mixture contained 1.0% H
2
S,

12.5% CO
2
, and 35.7% H

2
in CO. The sep-

aration of H
2
S from H

2
, similar to that of CO

2

from H
2
, requires reverse-selective membrane

materials with weak size-sieving ability and a

polar nature to interact more favorably with

this acid gas. At a feed pressure of 7.8 atm, the

copolymer had an H
2
S permeability of 2500

Barrers and a mixed-gas H
2
S/H

2
selectivity of

50. H
2
S is considerably more soluble than CO

2

in polar polymers (32, 33), and this effect contrib-

utes to the much higher H
2
S permeability than

CO
2
permeability in the material. Additionally,

CO
2
permeability and CO

2
/H

2
selectivity remain

unchanged in the presence of H
2
S, indicating the

robustness of this series of polymers for CO
2
/H

2

Fig. 3. Effect of CO2 partial pressure
and temperature on mixed-gas CO2/H2
selectivity ðaCO2=H2

Þ in 70 wt %
PEGMEA/30 wt % PEGDA copolymer.
Mixed-gas CO2/H2 feed compositions
(in mol % CO2:mol % H2) were 10:90
(&), 50:50 (D), and 80:20 (4). The
lines are provided to guide the eye.
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Fig. 4. Permeability/selectivity
map for CO2/H2 separation. Mixed-
gas separation performance data of
the 70 wt % PEGMEA/30 wt %
PEGDA copolymer at 35-C (&),
10-C (D) and –20-C (4) are
included for comparison. The vari-
ous symbols at each temperature
represent data points measured at
different feed pressures and binary
CO2/H2 mixture compositions. Each
open circle on the graph represents
the separation characteristics of a
different material from the litera-
ture. Data at lower CO2 permeabil-
ity correspond to lower CO2 partial
pressures in the feed gas and vice
versa. The upper bound is drawn
according to a model prediction of
this phenomenon (30) with the
adjustable parameter f set to 0.
The parameter f characterizes the interchain spacing at equilibrium. Rubbery polymers such as those of
interest in this work do not exhibit the nonequilibrium excess volume that is associated with nonzero
values of f in glassy polymers.
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separation. If the H
2
S partial pressure were

higher, it might sorb to high enough levels to

alter the gas transport properties of the polymer.

In summary, a family of reverse-selective

membrane materials based on highly branched,

cross-linked PEO exhibits outstanding separa-

tion performance for H
2
purification by remov-

ing acid gases such as CO
2
and H

2
S from feed

streams of practical interest. Moreover, the

presence of moisture and high-pressure CO
2
in

the feed actually improves permeability and

selectivity, in contrast to the detrimental behav-

ior associated with plasticizing agents in con-

ventional membrane materials. In addition to

hydrogen purification applications, these mo-

lecularly engineered copolymers may also be

used to remove CO
2
and H

2
S from natural gas

as well as SO
2
and NH

3
from nonpolar gases.
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Asymmetric Hydrogenation
of Unfunctionalized, Purely
Alkyl-Substituted Olefins
Sharon Bell,1* Bettina Wüstenberg,1* Stefan Kaiser,1 Frederik Menges,1 Thomas Netscher,2

Andreas Pfaltz1†

Asymmetric hydrogenation of olefins is one of the most useful reactions for the synthesis of
optically active compounds, especially in industry. However, the application range of the
catalysts developed so far is limited to alkenes with a coordinating functional group or an aryl
substituent next to the double bond. We have found a class of chiral iridium catalysts that
give high enantioselectivity in the hydrogenation of unfunctionalized, trialkyl-substituted
olefins. Because these catalysts do not require the presence of any particular functional
group or aryl substituent in the substrate, they considerably broaden the scope of
asymmetric hydrogenation.

A
symmetric hydrogenation is one of the

most widely used, most reliable cata-

lytic methods for the preparation of

optically active compounds (1–3). High enan-

tioselectivity, low catalyst loadings, essentially

quantitative yields, and mild conditions are

attractive features of this transformation. Since

the early 1970s, when the well-known L-DOPA

(L-dioxyphenylalanine) process was established

at Monsanto (3), hydrogenation has played a

dominant role in industrial asymmetric cataly-

sis (4). An enormous variety of chiral phosphine

ligands has been developed, many of which

induce very high enantioselectivity in rhodium-

and ruthenium-catalyzed hydrogenations.

However, despite great progress during re-

cent decades, the range of olefins that can be

hydrogenated with high enantiomeric excess

(ee) is still limited. Both rhodium and rutheni-

um catalysts require the presence of a polar

functional group next to the C0C bond, which

can coordinate to the metal center. Hydrogen-

ation of dehydro–amino acid derivatives or allylic

alcohols are typical examples. With unfunction-

alized olefins, these catalysts generally show

low reactivity and unsatisfactory enantioselec-

tivity. Therefore, their application is restricted

to certain classes of properly functionalized

substrates.

Some years ago, we introduced iridium com-

plexes with chiral P,N ligands (ligands with

coordinating P and N atoms) as catalysts that

overcome these limitations (Fig. 1) (5–19). Var-

ious unfunctionalized aryl-substituted olefins

can be hydrogenated with high enantioselec-

tivity and high catalytic efficiency using cata-

lysts of this type. Nonetheless, satisfactory
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Ring 19, CH-4056 Basel, Switzerland. 2Research and
Development, DSM Nutritional Products Ltd., P.O. Box
3255, CH-4002 Basel, Switzerland.
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Fig. 1. Asymmetric hydrogenation of olefins with
iridium catalysts 1 derived from chiral ligands 2 to
6. Abbreviations: cod, cycloocta-1,5-diene; BArF,
tetrakis[bis-3,5-(trifluoromethyl)phenyl]borate.
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4.1 RTI Processes Descriptions 
 
 
HTDS Case I Process Description 
 
 
Absorption 
Syngas containing H2S and COS is admitted to the High Temperature Desulfurization 
unit (HTDS) from the gasification scrubber at a temperature of 499°F and a pressure of 
1233 psia.  Before entering the absorber unit, a slipstream of syngas corresponding to 
roughly 2.8 mol% of the total inlet gas is diverted to the Direct Sulfur Removal Process 
unit (DSRP) for the purposes of reacting with SO2 to produce liquid sulfur.  The 
remaining gas enters the Absorber (R-101), a fast fluidized bed reactor, where it comes in 
contact with the circulating sorbent.  The following reactions take place in the Absorber 
when the sour syngas stream comes in contact with the ZnO sorbent: 
 

H2S + ZnO  ZnS + H2O 
COS + ZnO  ZnS + CO2  

 
Regenerated sorbent enters the absorber unit from the regenerator unit near the bottom of 
the absorber. Most of the absorption of sulfur from the syngas to the sorbent takes place 
in the absorber.  The mixture then enters the higher velocity riser section which transports 
the near sulfur free syngas to the Primary Sorbent Separator (F-102), a cyclone where 
solid sorbent particles are separated from the clean syngas.  The clean syngas exits the 
top of F-102 and enters the Secondary Sorbent Separator (F-103), a second stage cyclone 
used for further removal of solid particles.  From F-103, the clean syngas is then sent to 
the clean syngas scrubber for solids removal.  The sulfided sorbent, a mixture of ZnO and 
ZnS containing 6 %wt sulfur, exits the bottom of F-102 and enters the Sorbent Degassing 
Vessel (F-104) to ensure gas/solids separation.  From the sorbent degassing vessel, a 
major portion of the sorbent is returned to the Absorber through the return line while 
approximately 25 %wt gets diverted to the Regenerator (R-102) for the re-oxidation of 
sulfided sorbent. 
 
Regeneration 
The sorbent is partially re-oxidized at the regenerator, a fluidized bed reactor maintained 
at ~1100°F.  The extent of oxidation is controlled by oxygen level and reactor 
temperature.  The sorbent is regenerated from 6 %wt sulfur to 4.5 %wt sulfur, resulting in 
an exotherm of ~250°F.  The sorbent is re-oxidized using compressed air at 1100°F.  The 
following reaction takes place during the re-oxidation of the sulfided sorbent: 
 

ZnS + 1.5 O2  ZnO + SO2 
 
The product gas containing N2 and SO2 enters the riser section where it is transported to 
the Regenerated Sorbent Separator (F-106), a cyclone used for the removal of entrained 
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solids.  N2 and SO2 exiting the top of the regenerated sorbent separator is transported to 
the DSRP.  The removed entrained solids exit the bottom of the regenerated sorbent 
separator and are returned to the sorbent regenerator.  Partially regenerated sorbent from 
the regenerator is directed to the absorber to maintain sulfur balance in the system. 
 
 
Syngas Scrubbing 
Clean Syngas from the HTDS unit at a temperature of ~600°F and a pressure of 1200 psia 
enters the Clean Syngas Scrubber (F-201) where water is used to remove solid fines.  The 
water along with the removed fines exits the bottom of the scrubber and is sent to the 
grey water system.  Syngas exits the top of the scrubber and goes through the Syngas 
Cooler (HX-201), producing 350# steam while condensing water so that the Lower 
Heating Value (LHV) reaches the 115 Btu/scf fuel content specified by a supplier for the 
Frame 7FA IGCC Gas Turbine for the previous study.  The condensed water exits the 
bottom of the Syngas Knockout Drum (F-202) and is recycled back to the syngas 
scrubber via the Scrubber Water Pump (P-201) to remove fines from the inlet syngas 
stream.  The clean syngas stream exits the top of the knockout drum and is directed 
through a pressure let down valve that drops the syngas pressure to the turbine feed 
conditions.  The syngas is sent to the power block at a temperature of 416°F and a 
pressure of 395 psia, more than 50°F superheated, as required by the power turbine 
supplier. 
 
Direct Sulfur Removal Process 
SO2 and N2 from the regeneration unit enters the DSRP at a temperature of 1113°F and a 
pressure of 1195 psia and is sent to the Sour Gas Cooler (HX-301).  The gas exits the 
cooler and is combined with a process water stream at the Venturi Nozzle (X-301).  The 
combined streams then enter the Sour Gas Scrubber (F-301) for the removal of entrained 
solid fines from the Sorbent Regenerator.  Caustic is added to the scrubber to neutralize 
the acid formed from the SO2-water combination. Water, removed fines, and salt from the 
neutralization exit the bottom of the scrubber and are sent to the gasification fines 
handling settler.  Gas exiting the top of the scrubber is sent through the sour gas cooler to 
cool the incoming SO2 and N2 stream and is then sent to the 350# Steam Generator (HX-
303) to produce 350# steam.  The cooled SO2 and N2 is then mixed with the slip stream 
of syngas from the Gasification Syngas Scrubber and the combined stream enters the 
DSRP Reactor – 1st Stage (R-301).  Although the gas is fed at 620°F,  because the 
following  reactions are exothermic, they take place in the reactor at 800°F for the 
production of elemental sulfur from syngas and SO2 at a temperature of and a pressure of 
350 psia: 
 

2H2 +SO2  2H2O + S 
2CO + SO2  2CO2 + S 

2H2S + SO2  2H2O + 3S 
 
The product stream from the DSRP reactor enters the Sulfur Condenser (HX-302), where 
the elemental sulfur is condensed and sent to the sulfur handling unit, and tail gas 
containing CO2, N2, and steam is directed to the Tail Gas Electric Heater (HX-304) to be 
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re-heated up to reaction temperature.  The tail gas stream is then directed to the DSRP 
Reactor – 2nd Stage (R-302) where the reaction is driven further to completion.  The 
product stream exits the reactor and enters the Final Sulfur Condenser (HX-305).  Both 
sulfur condensers recover heat by producing 50 psig steam.  The condensed sulfur from 
the Final Sulfur Condenser is combined with the condensed sulfur from HX-302 and is 
sent to the sulfur handling unit while the tail gas is sent to the thermal oxidizer/vent stack 
meeting environmental emissions specifications.      
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HTDS Case 2 Process Description 
 
Absorption 
Syngas containing H2S and COS is admitted to the High Temperature Desulfurization 
unit (HTDS) from the gasification scrubber at a temperature of 499°F and a pressure of 
1233 psia.  The syngas enters the Absorber (R-101), a fast fluidized bed reactor, where it 
comes in contact with the circulating sorbent.  The following reactions take place in the 
Absorber when the sour syngas stream comes in contact with the ZnO sorbent: 
 

H2S + ZnO  ZnS + H2O 
COS + ZnO  ZnS + CO2  

 
Regenerated sorbent enters the absorber unit from the regenerator unit near the bottom of 
the absorber. Most of the absorption of sulfur from the syngas to the sorbent takes place 
in the absorber.  The mixture then enters the higher velocity riser section which transports 
the near sulfur free syngas to the Primary Sorbent Separator (F-102), a cyclone where 
solid sorbent particles are separated from the clean syngas.  The clean syngas exits the 
top of F-102 and enters the Secondary Sorbent Separator (F-103), a second stage cyclone 
used for further removal of solid particles.  From F-103, the clean syngas is then sent to 
the clean syngas scrubber for solids removal.  The sulfided sorbent, a mixture of ZnO and 
ZnS containing 6 %wt sulfur, exits the bottom of F-102 and enters the Sorbent Degassing 
Vessel (F-104) to ensure gas/solids separation.  From the sorbent degassing vessel, a 
major portion of the sorbent is returned to the Absorber through the return line while 
approximately 25 %wt gets diverted to the Regenerator (R-102) for the re-oxidation of 
sulfided sorbent. 
 
Regeneration 
The sorbent is partially re-oxidized at the regenerator, a fluidized bed reactor maintained 
at ~1100°F.  The extent of oxidation is controlled by oxygen level and reactor 
temperature.  The sorbent is regenerated from 6 %wt sulfur to 4.5 %wt sulfur, resulting in 
an exotherm of ~250°F.  The sorbent is re-oxidized using compressed air at 1100°F.  The 
following reaction takes place during the re-oxidation of the sulfided sorbent: 
 

ZnS + 1.5 O2  ZnO + SO2 
 
The product gas containing N2 and SO2 enters the riser section where it is transported to 
the Regenerated Sorbent Separator (F-106), a cyclone used for the removal of entrained 
solids.  N2 and SO2 exiting the top of the regenerated sorbent separator is transported to 
the Sulfuric Acid Plant.  The removed entrained solids exit the bottom of the regenerated 
sorbent separator and are returned to the sorbent regenerator.  Partially regenerated 
sorbent from the regenerator is directed to the absorber to maintain sulfur balance in the 
system. 
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Syngas Scrubbing 
Clean Syngas from the HTDS unit at a temperature of ~600°F and a pressure of 1200 psia 
enters the Clean Syngas Scrubber (F-201) where water is used to remove solid fines.  The 
water along with the removed fines exits the bottom of the scrubber and is sent to the 
grey water system.  Syngas exits the top of the scrubber and goes through the Syngas 
Cooler (HX-201), producing 350# steam while condensing water so that the Lower 
Heating Value (LHV) reaches the 115 Btu/scf fuel content specified by the turbine 
supplier for the Frame 7FA IGCC Gas Turbine for the previous study.  The condensed 
water exits the bottom of the Syngas Knockout Drum (F-202) and is recycled back to the 
syngas scrubber via the Scrubber Water Pump (P-201) to remove fines from the inlet 
syngas stream.  The clean syngas stream exits the top of the knockout drum and is 
directed through a pressure let down valve that drops the syngas pressure to the turbine 
feed conditions.  The syngas is sent to the power block at a temperature of 416°F and a 
pressure of 395 psia, more than 50°F superheated, as required by the turbine supplier. 
 
 
Sulfuric Acid Plant 
The SO2 and N2 stream exits the HTDS regeneration unit at a temperature of 1113°F and 
a pressure of 1195 psia and is let down before entering the Steam Generator (HX-303) for 
the production of 600# steam.  At approximately 25 psia and 800°F, this SO2-laden 
stream is rid of sorbent/solids carryover via a baghouse before entering the acid 
production process.  Because all the sulfur species are in the form of SO2 already, the 
H2SO4 (sulfuric acid) plant does not require the front-end combustion section that 
typically is included to convert all sulfur species to SO2.  Therefore, the acid plant 
consists only of the catalytic and absorption sections to ultimately transform the SO2 to 
H2SO4 using air and water as additional reactants.  The acid is concentrated to 98 wt% 
before exiting the plant as a final product to the handling and storage facilities while the 
tail gas is vented out the stack. 



RTI AGR and Sulfur Recovery Technology Comparison Study 
 

 Page 6  Process Flow Sketches 

4.2  RTI Process Flow Sketches – Case 1
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4.2  RTI Process Flow Sketches – Case 2 
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4.3  Risk Issues List   – HTDS Acid Gas Removal and DSRP Sulfur Recovery  
 
 
Preliminary HTDS Risk Issues List  
 

1.) Design:  Since there is no LTGC section in the RTI cases, ammonia is not 
removed in a water wash column within the LTGC section.  Therefore, a high-
temperature-high-pressure removal scheme that will maintain temperature and 
syngas water content must be developed.  Basis initial vendor inquiries, such 
technology is not “off-the-shelf” technology.  There may not be much of a 
precedent. 

2.) Start-up:  Can unit be started from atmospheric pressure (normal gasifier 
starting condition) without significant loss of solids due to high velocity? 

3.) Design:  High pressure, erosion resistant, and high temperature design control 
slide valves are not currently available in the marketplace.  This may make the 
purchase of these “critical” controls a developmental process which 
significantly raises the risk of failure or cost overrun. 

4.) Start-up: How can regenerator be preheated during start-up at atmospheric 
pressure (normal gasifier start-up condition) in order to be ready for syngas 
feed?  Unit needs to be circulating to accept syngas without an H2S emission 
excursion.  Typical air emission permit allows for only very short time to vent 
(flare) H2S containing gas.  Potential to need an additional start-up amine (or 
other) scrubber. 

5.) Operation: What happens if there is a water slug carryover from the gasifier 
scrubber?  This is a common problem.  Will water degrade the ZnO or ZnS?  
Carryover? 

6.) Operation:  Loss of solid fluidization in circulating standpipe could lead to 
significant loss of performance in H2S removal and an air permit violation.  
How susceptible are these solids to fluidization instability?  Potential to need a 
second train to maximize gas turbine availability if circulation instability is 
likely. 

7.) Operation: What is the long term viability of the circulating solids during 
continuous regeneration operation?  Will solids degrade physically or 
chemically? 

8.) Operation:  What if the sulfur content in feed goes up?  Will the regenerator 
overheat due to increased load and insufficient cooling capacity?  Potential to 
add cooling system to regeneration step if fluctuations are anticipated. 

9.) Design:  How are the wet solids removed from the scrubber blowdown water?  
Will the ZnS be corrosive when wet?  Potential metallurgy issue or exposure 
concern. 

10.) Design/Maintenance:  High Pressure design requires expensive and complicated 
flanges for maintenance connection (greylock flanges).  Will flanges be needed 
for all control valves, which will increase risk of leakage and exposure to H2S.  
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Potential PSM steps to result in fully welded valve designs which increases 
maintenance cost for repair. 

11.) Design/Maintenance:  How reliable will the primary system pressure control 
valves (both syngas side and regenerator side) be in solid service?  Should 
pressure control valves be upstream or downstream the overhead gas scrubbers?  
Should scrubbers be designed for full unit pressure or lower downstream 
pressure?  Also, with solid service, will pluggage of emergency pressure dump 
system (flare dump valves and pressure relief valves) be a problem? 

12.) Sorbent Manufacturing:  Will ZnO sorbent supplier consistently and 
economically provide material to meet the high performance specifications 
(attrition resistance, sorbent activity, etc) required for this service? 

13.) Syngas Quality:  Will the combustion turbine be able to handle the moisture 
content the HTDS clean syngas as far as power output and turbine mechanical 
integrity goes? 

 
 
Preliminary DSRP Risk Issues List  
 

1.) Chemistry:  Can commercially sized DSRP reactors reach the 98% sulfur 
conversion proven at the bench scale level?  Are two stages of reaction enough or 
appropriate to forego the need for tail gas treating (other than a thermal oxidizer 
with a vent stack)? 

2.) Safety/Operation:  There is significant risk of oxygen breakthrough from the 
upstream HTDS regeneration step.  This oxygen is extremely detrimental to the 
DSRP in that it could cause a runaway reaction that may lead to hotspots and 
even fire in the reactor.   

3.) Phase Separation:  Does high pressure (minimum of 300 psia) production of 
elemental sulfur pose significant and costly challenge regarding phase separation 
between the liquid sulfur, the liquid water phase, and the sour tail gas?  Currently, 
there is limited phase equilibrium data at this pressure.  It is highly recommended 
to focus more lab work on obtaining such data. 

4.) Reliability/Cost:  Either water from HTDS carryover or simply the water 
produced in the DSRP reaction can form an extremely corrosive interface with the 
liquid sulfur and dissolved tail gas.  It is highly recommended to investigate the 
prevention of co-condensation of water during sulfur condensation 

5.) Operation:  Does high pressure sulfur production increase the chances of the 
liquid sulfur condensing before exiting the catalytic bed reactor, therefore 
plugging the fixed bed, initiating the need to shutdown the entire plant? 

6.) Operation/Safety:  Does high pressure sulfur production increase the chances of 
the plugging lines?  If so, how will maintenance/operations personnel safely “rod 
out” or unplug the lines for a system operating above 300 psia (as high as 1200 
psia if recycle tail gas) without having to shutdown the entire plant?    

7.) Operation:  How should pressure be let down from the sulfur producing step 
(operating anywhere from 300 to 1200 psia) to low-pressure sulfur storage 
facilities?  Control valves are not always recommended for liquid sulfur service, 
particularly requiring high-pressure drop. 
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8.) Cost/Equipment:  The considerably increased height of the sulfur seal legs 
required for high-pressure sulfur production may prove impractical economically 
and design-wise. 

9.) Reliability:  The wet gas scrubbing step prior to the DSRP reactors is very 
corrosive service considering the amount of SO2 in an aqueous environment.  
Regardless of which solids removal technology is used (wet scrubbing or sintered 
metal filters), there is potential of water breaking through from the HTDS process 
(either from absorption-side undercarry or from direct firing of the regeneration 
side). 

10.) Alternative Option– Compressed Tail Gas Recycle:   
a. If instead of 2 stages of reaction the tail gas is recycled, how do we avoid 

the typical problems associated during the compression of wet, sour gas 
(seal integrity, metallurgical issues, etc., overall reliability)? 

b. Because of the HTDS regeneration step’s requirement for air (even diluted 
air), large amounts of N2 are present in the tail gas.  If the tail gas is 
recycled, a very large amount of N2 will buildup in the system (if no tail 
gas treating absorber/stripper is employed).  Equipment size will increase 
significantly. 

11.) Catalyst Manufacturing:  Will DSRP catalyst supplier consistently and 
economically provide material to meet the high performance specifications 
(active site integrity versus sulfur and hydrocarbon laydown, etc.) required for 
this service? 
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EXECUTIVE SUMMARY 

Introduction 

SRI conducted a research program to develop technically feasible and cost effective 
processes for reducing ammonia and hydrogen chloride vapors to near-zero levels in the gas 
streams produced by gasification of coal.  Integrated coal gasification combined cycle (IGCC) 
has been shown to be not only efficient for electric power generation, but also conducive to 
reduction of emissions of undesirable components that are normally associated with coal power 
plants.   Although substantial progress has been made on the removal of contaminants from coal 
gas streams, additional research was needed to reduce the contaminant levels to ultra-low values 
that will enable coal gasification to couple with chemical production and power generation by 
fuel cells. 

In this work, SRI successfully demonstrated the use of molecular sieve-based sorbents for 
removal of ammonia from gas streams representative of fluidized-bed and slagging gasifiers.   

Background 

In the United States, coal represents a significant source of fossil fuel energy and 
potential feedstock for many industrial chemicals.  To make full and efficient use of U.S. coal 
reserves, the major components of coal such as carbon and hydrogen must be converted to 
gaseous state by coal gasification processes.  Coal is a complex and heterogeneous substance 
that contains several impurities, including sulfur, chlorine, nitrogen, and metal compounds.  
During gasification, many of these impurities are converted to gaseous species such as H2S, 
HCl, or NH3.  Effective removal of impurities is necessary to protect electric power generating 
equipment such as gas turbines and fuel cells, catalysts used to produce chemicals, and to meet 
product and environmental standards.  Gas turbines or fuel cells can use coal gas in the 
temperature range of the gasifier effluent (500° to 1200°C).  Hence, there is a strong incentive to 
preserve the sensible heat in this hot gas and thereby improve the thermal efficiency of processes 
using coal gas.  For this reason, impurities should be removed from the gas stream at high 
temperatures. 
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Objectives 

The objectives of the program was to identify and assess the technology to reduce the 
levels of hydrogen chloride and ammonia vapors to about 10 parts-per-billion and 10 parts-per-
million, respectively in synthesis gas streams produced by gasification of coals.  The work 
conducted consisted of a base program and an optional program.  The base program is for 
laboratory exploration of the concept and to evaluate its feasibility.   In the optional program, the 
selected approach was to assess the technical feasibility of the concept using bench scale 
facilities.  During the initial technical and economical feasibility analysis course of this work, it 
was decided that the removal of ammonia could become more challenging than the HCl removal.  
Thus, the main effort was focused on the strategies for ammonia removal. 

Work Performed and Results 

We evaluated scientific and engineering concepts of two possible technologies to achieve 
the desired levels of ammonia vapors in gas streams representative of fluidized-bed and slagging 
gasifiers.  The temperature range for the ammonia removal is 200° to 250°C and pressures in the 
range 30 to 50 atm.  Thermodynamic calculations indicated that temperature required for thermal 
decomposition of NH3 to achieve 10 parts-per-million (ppm) levels be about 1200°C.  Heating 
the gas to such a temperature is not cost effective.  Hence, thermal decomposition of NH3 is not 
an effective technique to remove from coal gas streams.  Use of catalysts that promote chemical 
equilibrium including formation of CH4 can achieve residual levels of NH3 to about 10 ppm at 
250°C.  However, valuable H2 will be converted to CH4 and catalysts must function under H2S 
containing streams.  Highly active, sulfur tolerant catalysts are not available currently.  A MoS2-
based catalyst, that is sulfur-tolerant can promote methanation reaction, but it requires about 1% 
H2S for sustained activity.  Hence we pursued two approaches for ammonia removal to 10 ppm 
levels: (1) chemisorbing the ammonia in high-temperature stable sorbents that contain acidic 
surface sites and (2) selective catalytic oxidation of NH3 to N2 and H2O.  

Selective Catalytic Oxidation (SCO):  In the selective catalytic oxidation approach, a 
small amount of oxidant, typically oxygen, is mixed with the syngas upstream of a catalyst bed.  
The catalyst promotes the reaction between the ammonia and oxygen producing nitrogen and 
water.  We investigated a number of catalysts for this reaction in a simulated gas stream 
containing excess hydrogen.  The catalysts include:  two zeolite-based materials, Zeolyst CBV-
712 and rare-earth exchanged zeolite Y;  zinc orthotitanate (IITRI, C-219);  nickel platinum 
promoted on alumina (G-43, United Catalysts Inc.); and iron exchanged CBV-712 zeolite  
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prepared at SRI, using ion-exchanged procedure.  These catalysts were tested in the temperature 
range 225° to 400°C using a micro-reactor and a gas stream containing 5000 ppm NH3, 2%O2, 
7.5% N2, and balance H2.   

The CBV-712 zeolite was catalytically active at 225°C.  At this temperature, about 80% 
NH3 was converted, but NO2 was also formed.  When temperature increased, conversion of 
ammonia decreased and mainly the oxidation of H2 took place, although the NO2 concentration 
decreased.  

The rare-earth exchanged zeolite Y was active over a broader temperature range between 
225° and 300°C and about 80% NH3 was converted.   Neither NO2 nor N2O was detected when 
using this catalyst.  The H2 oxidation was the main reaction at 400°C.  

The oxidation reaction in the presence of minor levels (250 ppm) of NO was carried out 
for CBV-712 zeolite and the rare-earth exchanged zeolite Y.  No significant in the performance 
of the catalyst was observed due to addition of NO.   

These results show that rare-earth exchenaed Y zeolite is the most optimum catalyst and 
the operating temperature is about 300°C. At higher temperatures, excessive oxidation of H2 
occurred and hence, this approach was not pursued further.  

Chemisorption: Molecular sieve sorbents, especially those high acid type have 
significantly high capacity for basic molecules such as NH3.  In these sorbents, the acid strength 
is often measured by their ability to adsorb a base such as NH3.  The acidity of molecular sieves 
depends on various factors such as the composition, method of preparation, temperature of 
dehydration and possible treatment with steam.  In general, molecular sieves have strong and 
weak acid sites on which NH3 can be chemisorbed.   NH3 desorbs from the weak and strong acid 
sites at temperatures of about 125° and 400°C, respectively.  Hence, only the strong acid sites are 
capable adsorbing NH3 at temperatures above 200°C.  

Several molecular sieves including H-mordenite, ZSM-5, rare-earth exchanged Y, were 
tested using a temperature programmed desorption system.  Other sorbents included boron-
doped alumina, boron-doped sepiolite, zirconia-alumina, magnesium aluminate, and activated 
carbon.  These screening tests confirmed that only molecular sieves are capable of chemisorbing 
NH3 at temperatures above 200°C, as shown in Table 1.  Of the molecular sieves tested, CBV-
712 (a type Y zeolyte manufactured by Zeolyst Corporation, was found to be superior to other 
molecular sieves. 
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Table 1. Ammonia adsorption capacity of tested materials 
 

 Adsorbent NH3 Adsorption 
Temperature (°C) 

gNH3/g adsorbent 

 
Zeolite CBV-712 
Zeolite CBV-100 
Zeolite CBV-400 
Zeolite CBV-600 
 
Sepiolite 
 
Alumina 
 
B2O3-doped alumina 
B2O3-doped alumina 
 
B2O3-doped Sepiolite 

 

 
200 
225 
225 
225 

 
200 

 
200 

 
100 
200 

 
200 

 
0.0055 
0.0003 
0.0022 
0.0031 

 
0.0015 

 
0.0015 

 
0.008 
0.0016 

 
0.0025 

A bench-scale adsorption-regeneration system was constructed to (1) assess the 
performance of CBV 712 under pressurized conditions in the presence of steam and (2) optimize 
the conditions for maximum ammonia adsorption.   Table 2 compares the data for CBV 712 
under varying conditions.  In these runs, adsorption and desorption of ammonia from the gas 
mixture was conducted at 200º and 400°C, respectively.   
 
Table 2. Results for ammonia adsorption/desorption on CBV 712 at 2000C and 200 psi. 
 

Catalyst Catalyst 
Weight (g) 

GHSV(h-1) Steam (%) g(NH3)/g(Adsorbent) 

No catalyst 0 630 50 + 5 <1 x10-5 
CBV 712  
(<325 mesh) 

9 2850 0 1.1x10-3 

CBV 712  
(<325 mesh) 

9 2850 50 + 5 2.2x10-3 

CBV 712  
(Pellets 0.3 - 0.7 mm) 

10 2850 50 + 5 4.3x10-3 

CBV 712#  
(Pellets 0.3 - 0.7 mm) 

35 500 50 + 5 4.0 x10-3 

* GHSV = Gas Hourly Space Velocity; # Adsorption at 2300C 
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Cyclic absorption-regeneration runs were successfully conducted under the optimized 
adsorption regeneration conditions to determine their capacity under cyclic conditions.  The 
composition of the gas stream used in these experiments was 0.05% ammonia, 12 % H2, 12% 
CO, 4% CO2, 0.01% H2S and 50% steam in Nitrogen.  The maximum adsorption capacity for 
ammonia observed during the 10 cycle operation was 6x10-3 g(NH3)/g(Adsorbent .   Typical break 
through curves for ammonia adsorption at 2000 and 2300C and at 200 psi are shown in Figures 1 
and 2.   No degradation of adsorption capacity was observed during cyclic chemisorption-
regeneration cycles. 

Experiments were carried out also to evaluate the capacity of CBV 712 in the presence of 
other contaminants such as H2S (200 ppmv) and HCl (200 ppmv).   The results from these 
experiments gave a adsorption capacity of 2-4x10-8  gH2S/gAdsorbent  for H2S.    We observed that 
there is a decrease in the adsorption capacity for ammonia in the presence of H2S, as shown in 
Table 3.  
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Figure 1. Ammonia adsorption on CBV 712 (0.4- 0.7 mm pellets) at 230ºC and 200 psi with 
added steam. 
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Figure 2. Ammonia adsorption on CBV 712 (1.6 mm pellets) at 200ºC and 200 psi with added 
steam. 

 
Table 3  Absorption of NH3 in the presence and absence of H2S 

 
Series Catalyst 

Weight (g)
GHSV 

(h-1)
Steam (%) Total 

g(NH3)/g(Adsorbent) 
10 runs (without 
H2S) 

30.0 500 50   4- 6 x10-3 

10 runs (With H2S) 37.0 500 50   2- 4 x10-3 

 

Conclusions 

1. Chemisorption of NH3 on high surface area sorbents is an effective method of 
removing NH3 from the gas stream at about 200°C and pressures up to 300 
psi. 

2. Of the several sorbents such as alumina catalyst, sepiolite catalyst, and 
molecular sieves, molecular sieves exhibited superior performance.  Although 
alumina catalysts are capable of NH3, the adsorption capacity decreased 
significantly in the presence of steam even at 1.5% level.  Molecular sieves 
did not show such degradation. 
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3. Molecular sieves with varying SiO2/Al2O3 showed different levels of NH3 
adsorption capacity at about 200°C.  Of the tested molecular sieves, CBV-712 
zeolite, manufactured by Zeolyst International, exhibited superior NH3 
adsorption capacity.  

4. Cyclic adsorption at 200° to 230°C and regeneration at 400° to 430°C in the 
presence of steam up to 50% v/v did not change the performance of the 
catalyst. 

5. The sorbent CBV-712 exhibited a moderate capacity for H2S adsorption at 
200°C along with NH3 adsorption. 

6. Selective catalytic oxidation of NH3 by added O2 and NO decreased the level 
of NH3 moderately at a temperature of about 200°C.  At higher temperatures, 
excessive and undesirable oxidation of the H2 in the gas stream occurred.  
Hence, we conclude that the selective oxidation is not an effective process for 
the removal of NH3 in high temperature coal gas streams.   

 

 

 

 



   

1. INTRODUCTION 

SRI conducted this research program to develop technically feasible and cost effective 
processes for reducing the chlorine- and nitrogen containing compounds in the gas streams 
produced by gasification of coal to near-zero levels.   This four year study included, preparation 
of the information required for National Environmental Policy Act, assessment of the 
preliminary technical and economic feasibility of the promising concepts to achieve the desired 
levels of ammonia and hydrogen chloride vapors in gas streams representative of fluidized-bed 
and slagging gasifiers, bench-scale experiments to verify the operability of the ammonia removal 
concept and establish the parametric limits of the process operation, and the use of data 
generated from bench-scale to update the economic and technical feasibility of ammonia 
removal process schemes.    

2. BACKGROUND 

In the United States, coal represents a significant source of fossil fuel energy and 
potential feedstock for many industrial chemicals.  To make full and efficient use of U.S. coal 
reserves, the major components of coal such as carbon and hydrogen must be converted to 
gaseous state by coal gasification processes.  Coal is a complex and heterogeneous substance 
that contains several impurities, including sulfur, chlorine, nitrogen, and metal compounds.  
During gasification, many of these impurities are converted to gaseous species such as H2S, HCl, 
or NH3.  Effective removal of impurities is necessary to protect electric power generating 
equipment such as gas turbines and fuel cells, catalysts used to produce chemicals, and to meet 
product and environmental standards.  Coal gas can be utilized by turbines or fuel cells at high 
temperatures in the range 500° to 700°C.  Hence, there is a strong incentive to preserve the 
sensible heat in this hot gas and thereby improve the thermal efficiency of processes using coal 
gas.  For this reason, impurities should be removed from the gas stream at high temperatures.  In 
addition, high-temperature purification allows contaminants to be removed in their chemically 
reactive state.  Furthermore, the volume of a coal gas stream is less than that of a combustor flue 
gas stream in a plant of comparable size; hence, capital and operating costs for contaminant 
removal are low. 
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Chlorine and Nitrogen Compounds in Coal:   

Of the several impurities found in coal, removal of sulfur species has attracted the 
greatest attention, because it is usually the major undesirable impurity.  In some coals, such as 
those from Illinois, chlorine species are the second most common contaminant (Chou, 1991).  
The chlorine content of Illinois and other midwest bituminous coals can be as high as 0.6 wt%, 
well above the estimated 0.1 wt% average chlorine content of all U.S. coals (Ruch et al., 1974 a, 
b).  The coals with highest chlorine were found in the south-center portion of Illinois, their 
chlorine content increasing with the depth of the coal seams (Gluskoter and Rees, 1964).  During 
gasification, the chlorine in the coal is volatilized as HCl or metal chlorides.  Typical 
concentrations of HCl in coal gas have not been determined precisely, but they are estimated to 
be in the range 1 to 500 ppm (TRW, 1981).  Bakker and Perkins (1991) point out that coal gas 
can contain about five times higher concentration of HCl than a coal-fired boiler combustion gas 
stream because of the low volume of the coal gas.  The actual concentration of HCl vapor in the 
coal gas stream will depend on the chlorine content of the coal, the gasification temperature, and 
the type of the gasifier. 

U.S. coals contain from 0.5 to 2 wt% nitrogen on a dry basis [Chen et al., 1982], 
chemically combined with the carbon in polycyclic aromatic rings [Axworthy, 1975].  Fuel-
bound nitrogen compounds such as ammonia and hydrogen cyanide are formed during 
gasification of coal. The concentration of fuel-bound nitrogen compounds in coal gas depends on 
factors such as temperature, pressure, residence time, and coal rank.  Chen et al., [1982] found 
that low rank coals favored the formation of ammonia.  Kilpatrick [1986] reported that gas 
samples taken from working gasifiers producing low- and medium-Btu gas revealed levels of 
NH3 in the range 180 to 3100 ppm, depending on the type of gasification process.  Haldipur et 
al. [1989] reported the concentration of NH3 found in the KRW air-blown fluidized-bed pilot 
plant gasifier to be from 20 to 240 ppm.  Kurkela and Stählberg [1992] found NH3 and HCN 
concentrations of 500 to 9,000 ppm in fluidized-bed gasifiers operating with peat, brown coal, 
and wood sawdust. 

Need for Removal of HCl and NH3 

Halogen compounds are deleterious to molten carbonate fuel cell (MCFC) because they 
can lead to severe corrosion of cathode hardware (Kinoshita et al., 1988).  HCl also can react 
with the molten carbonate electrolyte to form corresponding halides.  These halides increase the 
loss of electrolyte because of the high vapor pressures of LiCl and KCl.  The allowable HCl 
concentration in the feedgas to such a fuel cell is estimated to be less than 0.5 ppm 
(Hischenhofer, 1994).  In the production of chemicals, it is often necessary to convert CO in the 

  2



   

coal gas to H2 by water gas shift reaction.  Catalysts such as Cu and ZnO catalysts used for shift 
reaction are poisoned by HCl vapor in the feedstock.  The copper and zinc chlorides are 
relatively mobile leading to structural changes in the catalysts (Twigg, 1996).   

NH3 and HCN are readily converted to oxides of nitrogen (NOx) during combustion of 
coal gas.  Selective catalytic reduction (SCR) processes can be used to remove the NOx formed 
before the combustion gases can be vented to the atmosphere.  Such processes are expensive and 
add significant cost to the cost of electricity.  In molten carbonate fuel cell applications (MCFC), 
when the anode exhaust gas is burned with air to supply CO2 for the regeneration of the 
carbonate electrolyte, the fuel-NOx formed can react with the electrolyte to form relatively 
volatile nitrates that lead to loss of electrolyte by evaporation (Hischenhofer, 1994).  Thus, 
removal of NH3 from coal gas is essential before its is used in these applications.  

Technical Approach for Ammonia Removal  

Although NH3 is not highly stable molecule thermodynamically (∆G°f (298) = -3.9 kcal• 
mol-1), the activation energy for dissociation is high (92 kcal• mol-1).  Furthermore, the high 
concentration of H2 in coal gas streams such those representative of slagging gasifiers limit the 
level to which NH3 can be dissociated under equilibrium conditions.   

NH3 (g) = 1/2 N2 (g) + 3/2 H2(g) 

The calculated the thermodynamic equilibrium levels of NH3 in Texaco coal gasifier 
stream (assumed to be 5000 ppm in the feedgas) at 20 atm as a function of temperature is shown 
in Figure 2-1.  Two cases were considered in these calculations:  (1) complete thermodynamic 
equilibrium is achieved and (2) equilibrium is achieved except for the formation of CH4 in the 
gas.  The results show that 90% or greater dissociation can be achieved at temperatures above 
700°C.  The extent of dissociation decreases with decreasing temperature in the absence of CH4 
formation.  If CH4 is allowed to form at equilibrium levels, NH3 levels of about 20 ppm can be 
reached at 300°C, again under equilibrium conditions.  These results are due to the conversion of 
H2 to CH4 which reduce the H2 levels in the gas.  Because the NH3 equilibrium level is a strong 
function of the H2 partial pressure, any reduction in H2 level will facilitate NH3 dissociation.  

These calculations show that a residual NH3 levels lower than 10 ppm could be achieved 
at a temperature of 250°C or below if significant amounts of H2 is converted to CH4.  Such low 
temperature operation may require development of efficient catalysts that can function in the 
presence of significant levels of H2S and steam.  Sulfur tolerant methanation catalysts based on 
MoS2 are available but they are not as reactive as conventional nickel-based methanation 
catalysts.  Nickel-based catalysts are extremely susceptible to sulfur poisoning. 
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Figure 2-1. The equilibrium partial pressures of NH3 as a function of temperature at 20 atm 
in a Texaco coal gasifier gas stream. 

 

The formation of CH4 has no adverse effect and may be beneficial if the coal gas is to be 
used for combustion in a gas turbine.  The reaction is exothermic and under adiabatic conditions, 
the exit gas will be at a higher temperature than the feedgas.  Moreover, the volume of feedgas is 
reduced.  However, the formation of CH4 is not desired if coal gas is to be used for fuel cell 
applications because CH4 is not easily oxidized at the anode.  MCFC systems often incorporate 
methane reformers to convert CH4 into H2.  Methane, again, is not a desirable feedstock for 
chemical production as alcohols or other liquid fuels.  In fact, in many chemical applications 
such as hydrocarbon or methanol syntheses reactions, hydrogen is synthesized by reforming 
methane.  Hence, we believe that reducing NH3 levels using reactions that involve methane 
formation may not be the best use of coal gas for fuel cells and chemical synthesis applications. 

Catalytic Decomposition of NH3:  In the absence of equilibrium methane formation, 
reducing the levels of NH3 below 10 ppm requires temperatures above 1200°C.  Even at that 
temperature, catalysts may be needed to attain equilibrium levels.  Krishnan, et al. (1988) studied 
the removal of fuel-bound nitrogen compounds in simulated coal gas streams using a laboratory 
scale reactor using simulated coal gas compositions representative of several types of gasifiers.  
HTSR-1, a catalyst (Ni-impregnated on a refractory oxide support) proprietary to Haldor-Topsøe 
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A/S, Copenhagen, Denmark, exhibited excellent activity at 800°C, even in the presence of 2,000 
ppm of H2S, and high temperature stability.  G-65*, an SRI catalyst (Ir promoted Ni on 
alumina), demonstrated a superior activity in the temperature range 550° to 650°C at H2S levels 
below 10 ppm.  The presence of impurities such as HCl and HCN did not affect the catalyst 
performance in the temperature range studied.  Jothimurugesan and Gangwal (1996) have 
reported that a zinc-based sorbent containing nickel exhibited a moderate activity for NH3 
decomposition while removing H2S.  These studies showed that catalytic decomposition of NH3 
required temperatures above 600°C for its effective removal from coal gas streams.     

Chemisorption of NH3: An alternative process is to absorb NH3 on high surface area 
sorbents.  In contrast to catalytic decomposition process, the adsorption of NH3 is facilitated at 
low temperature and high pressure.  In fact, the quantity of NH3 that could be adsorbed decreases 
at high temperatures.  Molecular sieve sorbents, especially those high acid type have 
significantly high capacity for basic molecules such as NH3.  The quantity of NH3 adsorbed on 
various molecular sieves as a function of temperature has been reported (Hidalgo, 1984).  In 
these sorbents, the acid strength is often measured by their ability to adsorb a base such as NH3.  
Temperature programmed desorption technique was used to obtain these results.  In these 
experiments, NH3 was adsorbed on the catalyst at 100°C and the catalyst was heated to 600°C 
(873K) in a linear rate of 10°C/min and the quantity of NH3 desorbed was measured.  The TPD 
spectra of mordenites and ZSM-5 molecular sieve showed two desorption peaks, a low 
temperature peak centered around 125°C and a high temperature peak centered around 400°C.  
These results showed that these molecular sieves have strong and weak acid sites on which NH3 
can be chemisorbed.  The Y type molecular sieves had a broad peak only.  The amount of NH3 
adsorbed can be calculated from the area under the TPD curve and it is proportional to the acid 
strength of the catalyst.  The acid strength of the catalysts were of the order HM > HZSM-5 > 
HY.  Cation exchange decreased the strong acid sites preferentially whereas dealuminization 
reduced the strong and weak acid sites.  In summary, the acidity of molecular sieves depends on 
various factors such as the composition, method of preparation, temperature of dehydration and 
possible treatment with steam.  

Selective Catalytic Oxidation (SCO) of NH3:  The catalytic oxidation of ammonia is 
one of the most interesting and important heterogeneous catalytic process.  Ideally, the catalysts 
must be selectively oxidize up to 3,00 ppm NH3 to less than 5 ppm while oxidizing as little of the 
30-70% H2 as possible. 
 
The desired exothermic NH3 oxidation reaction (1), 
 

4NH3 + 3O2 ↔ 2N2 + 6H2O ΔG200°C = –159 kcal. mole-1  (1) 

  5



   

 
The undesired reaction correspond to the oxidation of H2, and formation of NO, NO2 and N2O . 

 
2H2 + O2 ↔ 2H2O ΔG200°C = –105 kcal. mole-1  (2) 
 
4NH3 + 5O2 ↔ 4NO + 6H2O ΔG200°C = –59 kcal. mole-1  (3) 
 
4NH3 + 7O2 ↔ 4NO2 + 6H2O ΔG200°C = –65 kcal. mole-1  (4) 
 
2NH3 + 2O2 ↔ N2O + 3H2O ΔG200°C = –131 kcal. mole-1  (5) 

According to the literature, the oxidation of ammonia might take place by a two step-
route, which involves the oxidation of ammonia to NOx and then reduction of NOx to N2 by NH3 
[Long et al., 2001]. This reaction would corresponds to exothermic reaction (6) 
 

4NH3 + 4NO + O2 ↔ 4N2 + 6H2O ΔG200°C = –398 kcal. mole-1  (6) 
 

Extensive information about selective catalytic oxidation (SCO) of ammonia can be 
found in the literature but a few of them concerning the presence of hydrogen. The most of the 
experiments have been carried out using inert gases instead of using reductant conditions. SCO 
of ammonia to nitrogen is potentially an ideal technology for removing ammonia from oxygen-
containing off-gas and consequently it is of increasing interest in recent years [Sanonova et al. 
1996; Gang et al. 1999]. In recent studies, the SCO performance of several materials has been 
shown. For instance, Li and Armor [1999] reported that noble metals, such as Pt, Rh and Pd, 
exchanged to ZSM-5 zeolite or alumina supporting showed high SCO activity, even in wet 
stream conditions. Compared to vanadium based titania and Co-ZSM-5. In other studies, several 
catalytic performances under different operating conditions are shown. The selected catalysts 
comprised a wide range of materials, among them, Ni, Fe and Mn oxides supported on γ-Al2O3 
[Amblard et al., 1999]; CuO on Al2O3 [Curtin et al., 2000]; Cu, Co and Ni oxides doped on SiO2 
[Dannevang, 1996]; the standard SCR catalyst such as V2O5, MoO3 and WO3 on various 
supports [De Boer et al., 1993].  

Leppalahti et al. [1996] studied the removal of NH3 from biomass gas using SCO 
technique.  They found that the optimum NH3 removal occurred at about 450°C in the presence 
of added O2 using an alumina catalyst.  At a feed concentration of 0.5% (5,000 ppm) NH3 and 
20 atm pressure, about 90% reduction in NH3 was achieved at 450°C when 0.5% NO and 2% O2 
was added.  The effluent gas also contained 0.15% NO, 0.1%N2O and 0.1% NO2.  At 
temperatures greater than 450°C, the extent of reduction of NH3 decreased, with very little 
reduction at 600°C; in fact an increase in NH3 concentration was observed.  These observations 
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indicate while selective oxidation of NH3 may occur at low temperatures, the reduction of NO 
occurs at high temperatures.  The extent of oxidation of CO and H2 was not indicated. 

The SCO performance in the presence of H2O using a series of transition metal (i.e. Cr, 
Mn, Fe, Co, Ni and Cu) ion-exchanged ZSM-5 and Pd on ZSM-5 [Long and Yang, 2000]. The 
results showed the best performance, meaning the higher NH3 conversion and selectivity to N2 
for the Cu-ZSM-5 and Fe-ZSM-5 catalysts in the range of 350-450ºC. Only small amounts of 
N2O and NO were produced. The presence of low H2O concentration has a slightly negative 
influence on the NH3 conversion, although. The variable valence of metal cations Cu+/Cu2+ and 
Fe2+/Fe3+ might play an important role for the O2 adsorption and further NH3 oxidation. The 
same authors [Long and Yang, 2002], used noble metals (Pt, Rh and Pd) promoted Fe-ZSM-5 
catalysts for SCO of NH3 to N2 at low temperature range of 250-350ºC. Although the oxidizing 
conditions, the authors pointed out the reduction of Fe3+ to Fe2+ at 300-600ºC for a H2 containing 
gas stream. The oxidation/reduction process would take place when simultaneously H2 and O2 
are present. In the paper, it is shown that the SCO performance from 400-500ºC to lower range 
of temperature (250-350ºC) when the noble metal is added to the Fe-ZSM-5 catalyst, although 
the selectivity toward N2 decreases. 

As an interesting standpoint, the SCO of CO in H2 studies throw some light about the 
possible selective catalyst for the NH3 oxidation. The aim of purifying a H2-rich gas stream did 
allow performing several experiments using noble metal (Rh, Pd, Pt), others metals based 
catalyst (Co/Cu, Ni/Co/Fe, Ag, Cr, Fe, Ru, among others) [Oh and Sinkecitch, 1993]. In the SCO 
of CO, the only competitive reaction would be the oxidation of H2 to H2O and no concern about 
nitrogen oxides release. In that sense, the lower operating temperature is pursued. The 
experimental results showed the best SCO performance at low temperature (100-200ºC) for the 
noble metal based catalysts and Ru supported on Al2O3. A SCO catalyst commercialized by 
Engelhard for CO removal from H2 (SelectoxoTM) presents analogous characteristics of noble-
metal impregnated on Al2O3 and base metal oxide. 

In a recent study [Liu et al., 2002], the reliability of this type of catalyst, using Pt and 
Fe2O3 on γ-alumina, for the SCO of CO in the presence of H2 is demonstrated and a possible 
mechanism discussed. The iron oxide would provide the O2 to the CO adsorbed on the Pt 
creating a dual site non-competitive mechanism for CO oxidation. 

Based on that premise, a catalyst for decomposing ammonia and more specifically a 
process for the selective decomposition of ammonia to nitrogen might be prepared using metal 
oxide impregnated acidic support.  
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3. WORK PERFORMED AND RESULTS 

The object of the program was to identify and assess the technology to reduce the levels 
of hydrogen chloride and ammonia vapors to about 10 parts-per-billion and 10 parts-per-million, 
respectively in synthesis gas streams produced by gasification of coals.  During the initial 
technical and economical feasibility analysis course of this work, we concluded that the removal 
of ammonia is more challenging than the HCl removal. Thus, the main effort was focused on the 
strategies for ammonia removal.   

Bench-scale experiments were carried out to determine the feasibility of ammonia 
removal, in gas streams representative of a slagging gasifier.  The two technical approaches for 
ammonia removal that were experimentally tested were (1) selective catalytic oxidation (SCO) 
and (2) chemisorption on molecular sieves.  The SCO technique can operate continuously 
whereas the chemisorption technique required cyclic regeneration.  Hence, initial experiments 
focused on the SCO technique. 

We have assessed the technical feasibility of these two technologies and found the 
chemisorption to be more feasible for removal of ammonia.  A reactor system was designed and 
built at SRI is used for this evaluation, and ten-cycle test was conducted to determine their 
capacity under cyclic conditions.   The details of this work are described below. 

SELECTIVE CATALYTIC OXIDATION 

Materials and Experimental Procedures 

We selected and tested five catalysts as possible candidates for SCO.   They are:  

1. Two zeolite-based materials,  the CBV-712 and rare-earth exchanged zeolite Y;   

2. Zinc orthotitanate (IITRI, C-219);   

3. Platinum promoted nickel on alumina (G-43, United Catalysts Inc.);  

4. Iron exchanged molecular sieve (CBV-712 zeolite) prepared at SRI.  

We used a temperature programmed reactor test system to study the selective catalytic 
oxidation process.  In this testing, the catalyst volume varied within 0.8-0.9 cc and the gas flow-
rate for the two steps of activation and reaction was 60 cc/min (NTP).  The range of GHSV (Gas 
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Hourly Space Velocity) was about 5,000 h-1 (NTP).   The steps involved in conducting the SCO 
experiments using the TPD system are as follows 

Step 1: Activation of the catalyst at 400°C with He for 2 hours. 

Step 2: Reaction using 5,000 ppm NH3, 2% O2, 7.5% N2 and H2 balance (by vol.). The 
reaction started at 225°C increasing to 300, 350 and 400°C after stabilization. 

The inlet concentration of gases was 2,000 ppmv NH3, 52-vol.% H2 and He balance.   In 
the case of the water vapor adsorption, the inlet concentration of water was kept between 13 and 
15% by volume.  When the oxidation reaction was carried out with NO, a concentration of 250 
ppm NO was added to the gas composition inlet, maintaining the remaining gaseous reactants 
concentration.  As indicated before signal at amu 16 was used to distinguish the peaks 
corresponds to NH3 and H2O.   In these tests, in additions to the masses 32 for O2, 28 for N2, 30 
for NO, 44 for N2O and 46 for NO2 were also recorded. 

We also prepared a Fe-exchanged molecular sieve catalyst.  A known amount (e.g., 7.0 g) 
of FeSO4.7H2O was dissolved into 500 mL of distilled water. Then, a 5.0 g of zeolite CBV-712 
was added to the yellow-greenish solution and stirred at room temperature for 24 hours.  
Resulting solid was filtered and repeatedly washed (at least five times) with distilled water.  The 
final solid was dried at 110°C overnight. 

Experimental Results  

SCO in the range of 225 and 400°C:  Among the five selected catalysts, three of them 
showed a certain level of activity for the SCO of ammonia, and they were zinc orthotitanate, 
CBV-712 zeolite, and rare-earth exchanged zeolite. 

In the experiment using the zinc orthotitanate, Figure 3-1, a constant decreasing rate of 
the ammonia outlet concentration was observed.  On the contrary, the oxygen concentration 
decreased when temperature was increased but no water was released. 
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Figure 3-1. Oxidation reaction for 5,000 ppm NH3 in the presence of 2% O2, 7.5% N2 and H2 

balance at 225, 300, 350 and 400°C on zinc orthotitanate. 
 

The results for CBV-712 zeolite for experiment is shown in Figure 3-2.   According to 
this result, the catalyst is active even at 225°C.   At this temperature, NO2 formation was also 
observed.   There was some evidence that the H2 oxidation mainly took place, giving rise to 
water and ammonia at the outlet with increase in temperature; the NO2 concentration was 
decreased with increase in temperature   

The results from experiment using the rare-earth exchanged zeolite Y, shown in Figure 3-
3, indicate the activity of SCO of ammonia.   The catalyst was active for a broader temperature 
range between 225° and 300°C and neither NO2 nor N2O was detected in these runs.  The H2 
oxidation would be the main reaction at 400°C.  
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Figure 3-2.  Oxidation reaction for 5,000 ppm NH3 in the presence of 2% O2, 7.5% N2 and H2 

balance at 225, 300, 350 and 400°C on CBV-712 zeolite. 
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Figure 3-3. Oxidation reaction for 5,000 ppm NH3 in the presence of 2% O2, 7.5% N2 and H2 

balance at 225, 300 and 400°C on rare-earth exchanged zeolite Y. 
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Selective Catalysis Oxidation with NO in the range of 225° and 400°C : The 
oxidation reaction in the presence of traces of NO was carried out for CBV-712 zeolite and the 
rare-earth exchanged zeolite Y.   The results from Figures 3-4 and 3-5 showed no changes in the 
materials behavior.  The test at 350°C for the rare-earth based zeolite suggested that at 350°C the 
H2 oxidation could not be neglected. 

 

030128a1.tpd: Zeolite CBV-712
2,000 ppmv NH3, 2 vol.% O2 and 250 ppm NO SCO Reaction at 225, 300, 350 and 

400oC
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Figure 3-4. Oxidation reaction for 2,000 ppm NH3 in the presence of 2% O2, 250 ppm NO, 7.5% 

N2 and H2 balance at 225, 300, 350 and 400°C on CBV-712 zeolite. 
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030129a1: Rare-earth exchanged Zeolite Y
2,000 ppmv NH3, 2 vol.% O2 and 250 ppm NO SCO Reaction at 225, 300, 350 and 400oC
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Figure 3-5. Oxidation reaction for 2,000 ppm NH3 in the presence of 2% O2, 250 ppm NO, 

7.5% N2 and H2 balance at 225°, 300°, 350° and 400°C on rare-earth exchanged 
zeolite Y. 

In summary, the experimental results showed that rare-earth exchanged Y zeolite was the 
most optimum catalyst at a temperature of about 300°C.  Even at temperatures lower than 300°C, 
the extent of ammonia removal was not as high as expected.  At higher temperatures, excessive 
oxidation of H2 occurred and hence, this approach was not pursued further. 

CHEMISORPTION ON MOLECULAR SIEVES 

The effectiveness of molecular sieves as adsorbents for NH3 was determined in 2 steps:  
(1) screening experiments and (2) detailed experiments with selected molecular sieves.  The 
results of the experiments are described below. 

Screening Experiments 

Initial experiments were carried out with series of different type of molecular sieves and 
other materials such as sepiolite, alumina, and borate-doped alumina.   The details of the sources 
of the material used in this study are in Table 3.1. 
 
 

 
Table 3.1 

  13



   

Characteristics Molecular Sieves1 Tested 
 

Type Nomenclature SiO2/Al2O3 
Molar Ratio 

Surface Area 
(m2/g) Nominal Cation 

Y CBV 712 12 730 NH4
+ 

Y CBV 100 5 900 H+ 
Y CBV 400 5 730 H+ 
Y CBV 600 5 660 Na+ 
Y CBY 780 80 780 H+ 
Mordenit
e CBV 90A 90 500 NH4

+ 

H-Beta CBV 811E75 75 650 H+ 
ZSM-5 CBV 28014 280 400 NH4

+ 
     

1.  Procured from Zeolyst Corporation, Valley Forge, PA 

Experimental Procedure:  Adsorption experiments with various adsorbents were carried 
out using temperature programmed desorption (TPD) system.    The system consisted of a quartz 
reactor (1.5 cm ID) connected to a mass spectrometer.  A computer controlled the composition of 
the inlet gas stream with the use of mass flow controller.  A furnace with a PID temperature 
controller was used to control the temperature of the reactor.  The temperature and the 
composition of the reactor exit gas is recorded in the computer.   

The volume of the adsorbent material in the reactor was about 0.8 cm3 and the gas flow-
rate was held at 66 cm3/min (NTP) during adsorption and 30 cm3/min (NTP) for activation and 
TPD steps.  The range of GHSV (Gas Hourly Space Velocity) was in the range 4,400 and 5,000 
h-1 (NTP).  The actual steps involved in the sample treatment are as follows: 

Step 1: Activation of the sample at 300 or 400°C with He for 2 hours. 

Step 2: Adsorption of NH3 or water vapor at 100° or 200°C for at least two hours in order 
to assure the complete adsorption.  The inlet concentration of gases was 2,000 ppmv 
NH3, 52-vol.% H2 and He balance.  In the screening experiments, the inlet concentration 
of water was kept at about 1.5% by volume. 

Step 3: Desorption of ammonia in He while the sample temperature was increased 
linearly or stepwise to 400°C.  

The signals at 16, 17, and 18 atomic mass units (amu) were collected.  According the 
EPA/NIH Mass Spectral Data Base, the NH3 presents 100% of mass 17 and 80% of mass 16.  
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Meanwhile, H2O presents 100% of mass 18 and 20% of mass 17. The 5% of mass 16 was not 
considered for the calculations of the concentrations. The signal at 16 amu was used to 
distinguish the concentration between NH3 and H2O. 

Results:  The results of the screening experiments are described below: 

Zeolite CBV 90A:  When this zeolite was heated to 400°C initially, we observed release 
of H2O in the temperature range 90° to 120°C, corresponding to the evolution of physisorbed 
water.  After exposure to NH3 at 200°C under dry conditions, only a small increase in NH3 signal 
level was observed at about 400°C.  Addition of 1.5% steam did not change the quantity of NH3 
adsorbed on the sample (Figure 3.6), indicating that the CBV 90A is not a good sorbent for NH3 
at 200°C.  However at lower temperature, additional NH3 adsorption occurred as evidenced by a 
desorption peak at about 180°C after NH3 was adsorbed at 100°C and heated subsequently 
(Figure 3-7). 
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Figure 3-6.  Desorption of NH3 from CBV-90A zeolite after adsorption at 200°C in the presence 
of water. 
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Figure 3-7.  Desorption of NH3 from CBV-90A zeolite after adsorption at 100°C in the 

presence of water. 

Zeolite CBV 712:  This sample, a NH4
+-Y type molecular sieve, was exposed to NH3 at 

200°C.    The TPD curve showed a NH3 desorption peaks at about 300°C and 400°C (Figure 3-
8).  This data indicates strong chemisorption of NH3 on this sample.  Addition of 1.5% H2O did 
not significantly change the amount of NH3 adsorbed at 200°C and desorbed at 400°C (Figure 3-
9), confirming a small amount of steam does not change the adsorption of NH3 at 200°C.  
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Figure 3-8. Desorption of NH3 from CBV-712 zeolite after adsorption at 200°C. 
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Figure 3-9.  Desorption of NH3 from CBV-712 zeolite after adsorption at 200°C in the presence 

of water.  
 

Other Zeolites:  Molecular sieves such as H+-beta type CBV 811E75, NH4
+-ZSM-5 type 

5524 G and H+-Y type CBV-780 did not show any significant NH3 adsorption as evidenced by 
TPD spectra in the range of 200° to 400°C.  Type Y molecular sieves such as CBV-100, CBV 
400, and CBV-600 showed moderate amount of NH3 adsorption at 200°C. 

Sepiolite:   Sepiolite is a fibrous clay mineral that occurs in the U.S. and Europe.  The 
mineral is used as a support for catalysts in petrochemical (dual functional cracking catalyst) and 
environmental applications (selective catalytic reduction (SCR) of nitrogen oxides).  Sepiolite is 
a hydrous magnesium silicate and has a relatively high surface area (~140 m2/g) and large pore 
volume (0.65 cc/g).  During initial heating of the sepiolite desorption of H2O was observed at 
about 130°C.  The desorption of NH3 from a sepiolite sample activated at 400°C in He and NH3 
adsorbed NH3 at 200°C is shown in Figure 3-10.  It indicates only a small quantity of NH3 
adsorbed that desorbed at about 300°C. 
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Figure 3-10. Desorption of NH3 from sepiolite after adsorption at 200°C in the presence of 

water. 

Alumina:  A catalyst grade alumina was procured from Kaiser Aluminum Company and 
its initial surface area was 280 m2/g.   Initial heating of alumina in He showed desorption of 
water at about 120°C and in the range 200 to 400°C.  Hence alumina sorbent was “activated” at 
400°C before ammonia adsorption at 100° and 200°C.  Figure 3-11 shows the desorption of NH3 

from alumina after adsorption at 100°C that indicated NH3 desorption at 200°, 300°, and 400°C.  
Similarly, when NH3 was adsorbed at 200°C, desorption occurred at 300° and 400°C (Figure 3-
12).  However, after adsorption of NH3in the presence of 1.5% steam, the desorption experiment 
showed a decreased level of NH3 adsorption (Figure 3-13) indicating competitive adsorption of 
NH3 and H2O. 
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Figure 3-11. Desorption of NH3 from alumina after adsorption at 100°C. 
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Figure 3-12. Desorption of NH3 from alumina after adsorption at 200°C. 
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Figure 3-13. Desorption of NH3 from alumina after adsorption at 200°C in the presence of water. 

B2O3-doped Al2O3:  Alumina is an amphoteric oxide and addition of a strong acidic oxide 
such as B2O3 may increase the capacity for NH3 adsorption.  Hence, alumina was infiltrated with 
boric acid and calcined.   Figure 3-15 and 3-16 shows the desorption of NH3 following ammonia 
adsorption at 100° and 200°C.  Figure 3-17 illustrates the desorption of NH3 after NH3 
adsorption in the presence of 1.5% H2O.  No apparent increase in the capacity for NH3 
adsorption was observed with the doping of B2O3.  Comparison of Figures 3-15 through 3-17 
with Figures 3-10 through 3-12 suggests that there is no enhancement of ammonia adsorption 
capacity due to B2O3. 
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Figure 3-14. Desorption of NH3 from B2O3-doped alumina after adsorption at 100°C. 
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Figure 3-15. Desorption of NH3 from B2O3-doped alumina after adsorption at 200°C. 
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Figure 3-16. Desorption of NH3 from B2O3-doped alumina after adsorption at 200°C in the 

presence of water. 

Summary:  The observed NH3 chemisorption capacity of the various sorbents tested is 
summarized in Table 3-2.  The screening tests confirmed that only molecular sieves are capable 
of chemisorbing NH3 significantly at temperatures above 200°C in the presence of steam.  Of the 
molecular sieves tested, CBV-712 (a type Y zeolite manufactured by Zeolyst Corporation, was 
found to be superior to other molecular sieves (Table 3-2).   

Additional experiments were conducted to determine the effect of activation temperature 
on the chemisorption capacity of CBV-712.  The sorbent was heated to a temperature in the 
range 250° to 400°C and the adsorption of NH3 was performed at 200°C.  The results shown in 
Table 3-3 indicate that the pretreatment conditions have only minor effect on the adsorption 
capacity of the molecular sieve. 

Based on the results of the screening experiments, detailed studies were conducted with 
CBV-712 zeolite. 
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Table 3-2  
Ammonia Adsorption Capacity of Tested Sorbents 

 
 Adsorbent NH3 Adsorption 

Temperature (°C) 
gNH3/g adsorbent 

 
Zeolite CBV-712 
Zeolite CBV-100 
Zeolite CBV-400 
Zeolite CBV-600 
 
Sepiolite 
 
Alumina 
 
B2O3-doped alumina 
B2O3-doped alumina 
 
B2O3-doped Sepiolite 

 

 
200 
225 
225 
225 

 
200 

 
200 

 
100 
200 

 
200 

 
0.0055 
0.0003 
0.0022 
0.0031 

 
0.0015 

 
0.0015 

 
0.008 
0.002 

 
0.003 

 
Table 3-3 

Effect of Pretreatment on the NH3 Capacity of CBV 712 Sorbent 
 

Treatment NH3 Capacity (gNH3/g adsorbent) 

400°C Activation + NH3 Adsorption 0.0035 

400°C Activation + NH3 + H2O 
Adsorption 

0.0030 

300°C Activation + NH3 Adsorption 0.0045 

250°C Activation + NH3 Adsorption 0.0040 
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Performance Evaluation: Ammonia Removal using CBV 712 Adsorbent Catalyst. 

This section describes the experimental determination of the performance of CBV 712 
for the removal of ammonia at elevated temperatures and pressures in a bench-scale fixed-bed 
reactor.  Two reactor systems were used: (1) a single reactor system with a 0.5-inch internal 
diameter (ID) that was used for both adsorption and regeneration and (2) a 1-inch ID dual 
adsorption/regenerator reactor system.  The schematic diagram of the 1-inch ID dual adsorption/ 
desorption reactor system is shown in Figure 3-16.  The dual reactor system provides the 
capability to perform continuous removal of the ammonia through adsorption process and is 
similar to a skid mounted system that can be system that can be used in the field 

During both adsorption and desorption cycles (steps 2 and 3), effluent gas stream from 
the reactor was scrubbed with methyl sulfonic acid solution to capture the residual ammonia as 
ammonium ions.  The liquid effluent was sampled at predetermined time intervals using a 
fraction collector and analyzed for ammonia levels using Dionex Ion Chromatograph equipped 
with a ionic conductivity detector.  From the concentration of NH4

+ in the liquid, we calculated 
the ammonia adsorption and desorption efficiencies. 

 

 

 

Fraction Collector 

Simulated  
Gas Stream  
Containing  
Ammonia 

Reactor 
#2 

Reactor 
#1 

Scrubbing Solution 

Auxiliary Units 
Temperature controllers, 
High Pressure pumping system, 
Steam generator unit, 
Computer. 

Bypass 

  
 

Figure 3-16. A schematic diagram of the 1-inch ID dual adsorption/regeneration 
reactor system. 
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The absorbent used in this study, CBV-712 was purchased from Zeolyst International in 
pellet form (1.6 mm) and its characteristics are given in Table 3-4. 

 
Table 3-4 

Characteristics of CBV 712 Zeolite Pellets 

Surface Area 
(BET-N2) 

SiO2/Al2O3 
Molar Ratio Nominal Cation 

 
500 m2/g 

 
12 

 
NH4

+ 

 
 

In a typical run, the system operation procedure would involve 3 main steps: (1) initial 
activation of the sorbent at 400˚C, (2) adsorption of ammonia from the gas mixture (200ºC), and 
(3) desorption of ammonia at 400˚C. 

Inertness of Stainless Steel Reactor:  The reactor system consists of various stainless 
tubes that may have some active sites for NH3 adsorption.  To evaluate any possible surface 
adsorption of ammonia by the stainless steel surface sites, experiments were carried out both 
with and without the catalysts present.   These experiments were conducted in the 0.5-in ID 
reactor.  Figure 3-17 compares the results from a run at 200ºC and at 300 psi.  These results 
clearly indicates that the ammonia adsorption by the stainless steel surface is negligible 
compared to the ammonia adsorption on CBV-712 catalyst. 

 

  24



   

0

200

400

600

800

1000

1200

0 20 40 60 80 100 120 140
Time (min)  

 

Figure 3-17. Ammonia (1000 ppm) adsorption with and without a catalyst in the 1-inch reactor. 

Ammonia Adsorption and Sorbent Regeneration:  The catalyst evaluation in the 0.5-
in reactor system was conducted to (1) assess the performance of CBV-712 under pressurized 
conditions in the presence of steam and (2) optimize the conditions for maximum ammonia 
adsorption.  Table 3-5 compares the data for CBV-712 under varying conditions.   In these 
experiments, adsorption and desorption cycles were carried out at 200ο (300 psi) and 400οC (15 
psi), respectively.   The composition of the gas stream used in these experiments was 0.08 to 
0.1% ammonia, 5% H2, 0 to 50% steam and balance He.  Other constituents of coal gas streams 
such as CO and CO2 were not used in these preliminary runs because they are unlikely to have 
any significant effect on ammonia adsorption.  Similarly, the substitution of He for N2, because 
of laboratory convenience, will have no effect on catalyst performance.  
 

Table 3-5 
 Results for ammonia adsorption/desorption on CBV-712  

 

Catalyst Catalyst 
Weight (g) 

GHSV 

(h-1) 
Steam (%) Capacity 

g(NH3)/g(Adsorbent) 
No catalyst 0 630 50 + 5 <1 x10-5 
Powder (<325 mesh)  9.0 2850 0 1.1x10-3 
Powder (<325 mesh) 9.0 2850 50 + 5 2.2x10-3 
Pellets (0.3 - 0.7 mm) 10.0 2850 50 + 5 4.3x10-3 

  25



   

It is clear from the data in Table 3-5 that highest catalyst capacity for ammonia 
absorption was obtained when 0.3 -0.7 mm particle size CBV-712 was used.  The adsorption of 
NH3 at 200°C and 300 psi and the desorption at 400°C for 0.3-0.7 mm particle size of CBV 712 
are depicted in Figures 3-18 and 3-19, respectively. 
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Figure 3-18.  Ammonia adsorption on CBV-712 (0.3 -0.7 mm) at 200οC and 300 psi. 
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Figure 3-19. Ammonia desorption from CBV 712 (0.3 -0.7 mm) at 400οC and 1 atm. 
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Cyclic Adsorption and Regeneration:  Adsorption and desorption cycles were carried 
out at 200ο (200 psi) and 400οC (15 psi), respectively in the dual reactor (1-in ID) system.  
Because of the increased size of the reactor, we used 1.6 mm size pellets initially.  The 
composition of the gas stream used for the adsorption step was 0.05%NH3, 12% H2, 6.4%CO, 
1.3%CO2, and 50% steam and balance He.  The space velocity used was below 1000 hr-1 to 
achieve a better mass balance for ammonia.   The results are given in Table 3-6 and illustrated in 
Figures 3-20 and 3-21. 
 
 

Table 3-6.   
Results for Ammonia Adsorption/desorption on CBV-712 with 1.6 mm Pellets. 

 
Catalyst 

Catalyst 
Weight (g) 

GHSV 
(h-1) 

 
Steam (%) 

Total 
g(NH3)/g(Adsorbent) 

CBV 712 (pellets) 50.0 570 50 #2.1x10-3 
CBV 712 (pellets) 50.0 1050 30   1.9x10-3 

#  Average from four desoprtion/adsorption cycles 
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Figure 3-20. Ammonia adsorption on CBV 712 (1.6 mm pellets) at 200ºC and 200 psi with 

added steam. 
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Figure 3-21. Desorption of NH3 from CBV 712 and catalyst regeneration at 400ºC. 

The gas flow rates used for desorption was changed from 100 to 200 cc/min during 
desorption cycles (100 cc/min for cycles #4 and #1, 200 cc/min for cycles #2 and #3).  As 
expected flow rate has a positive effect on rate of desorption. 

It is important to maintain a good catalytic activity for many adsorption and desorption 
cycles for the process to be economically viable.  We have found that the catalyst deactivation is 
very minimal during 10 adsorption/desorption cycles under the bench-scale experimental 
conditions.  Table 3-7 shows the data for both 0.5- and 1-in ID reactors and the NH3 adsorption 
capacity as a function of cycle is shown in Figure 3-22. 
 

Table 3-7 
Effect of number of adsorption/desorption cycles on catalyst performance 

No of Cycles Capacity 
g(NH3)/g(Adsorbent)

0.5 inch single reactor 
1 
2 
10 
 
1.0 inch dual reactor 
1 

 
2.2 x10-3 

1.5 x10-3 

2.0 x10-3 

 
 
2.0 x10-3 
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Figure 3-22. Comparison of variation of absorbent capacity with number of desorption/ 
adsorption cycles. 

Sorbent Performance in the Presence of H2S:  A series of experiments were carried out 
to evaluate the capacity of CBV-712 for removal of H2S.   The tests procedures were similar to 
those described above for ammonia.   The amount of catalyst used in these experiments was 5 g.  
The concentration of   NH3, H2S, and HCl were 400, 200, and 200 ppmv, respectively.   
Adsorption experiments performed at 200˚C (100 psi) and desorption at  400˚C.   The gas hourly 
space velocities were in the range 1000-1500 hr-1.  

The results from these experiments gave a adsorption capacity of 2-4x10-4 gH2S/gAdsorbent  
for H2S.    We have also noted that there is somewhat decrease in the adsorption capacity for 
ammonia (gNH3/gadsorbent = 4.4x10-4, 6.0x10-4) compared to the values observed in the absence of  
H2S.   
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Figure 3-23.  H2S adsorption on CBV 712 zeolite at 2000C and 100 psi. 
 

Sorbent Regeneration at Elevated Pressures:  Two series of testing were conducted to 
evaluate the long-term operation of the CBV 712 catalyst at high temperature adsorption and 
regeneration conditions (1) No H2S was present in the gas stream, and (2) in the presence of 100 
ppm H2S in the gas stream.  In these testing adsorption, and desorption cycles were carried out at 
230ο (200 psi) and 430οC (100 psi), respectively.   The composition of the gas stream used in 
these experiments was 0.05% ammonia, 12 % H2, 12% CO, 4% CO2, and 50% steam in 
Nitrogen.  The maximum Gas Hourly Space Velocity (GHSV) used in these experiments was 
about 500 h-1.    Table 3-8 summarizes the adsorption capacity of CBV 712 (0.4 -0.6 mm size) 
for ammonia in the 1-in ID reactor system. 

 

  30



   

Table 3-8 
Results from long term for ammonia adsorption/desorption on CBV 712 zeolite 

Series Catalyst 
Weight (g) 

GHSV 
(h-1) 

Steam (%) Total 
g(NH3)/g(Adsorbent) 

10 cylces (without H2S) 30.0 <500 50   4 to 6 x10-3 
10 cycles (With H2S) 37.0 <500 50   2 to 4 x10-3 

#  Average from four desoprtion/adsorption cycles 

The gas flow rates used for desorption changed from 100 – 200 cc/min.  The average data 
for final adsorption runs are shown on Figure 3-24.  This data clearly indicate that the break- 
through time 100-120 min remained unchanged even after 10 adsorption regeneration cycles. 
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Figure 3-24. Ammonia adsorption on CBV 712 at 230°C and 200 psi following regeneration at 
100 psi. 

In summary, detailed experimental studies showed that CBV-712 zeolite is an effective 
sorbent for the removal of ammonia in coal gas streams at elevated temperatures and pressures.   
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4.  CONCLUSIONS 

A detailed theoretical and experimental study was performed to develop a process for the 
removal of ammonia at high pressures and elevated temperatures typical of gas streams of a coal 
gasifier.  Based on the results of this study, we derive the following conclusions: 

1. Chemisorption of NH3 on high surface area sorbents is an effective method of 
removing NH3 from the gas stream at about 200°C and pressures up to 300 
psi. 

2. Of the several sorbents such as alumina catalyst, sepiolite catalyst, and 
molecular sieves, molecular sieves exhibited superior performance.  Although 
alumina catalysts are capable of NH3, the adsorption capacity decreased 
significantly in the presence of steam even at 1.5% level.  Molecular sieves 
did not show such degradation. 

3. Molecular sieves with varying SiO2/Al2O3 showed different levels of NH3 
adsorption capacity at about 200°C.  Of the tested molecular sieves, CBV-712 
zeolite, manufactured by Zeolyst International, exhibited superior NH3 
adsorption capacity.  

4. Cyclic adsorption at 200° to 230°C and regeneration at 400° to 430°C in the 
presence of steam up to 50% v/v did not change the performance of the 
catalyst. 

5. The sorbent CBV-712 exhibited a moderate capacity for H2S adsorption at 
200°C along with NH3 adsorption. 

6. Selective catalytic oxidation of NH3 by added O2 and NO decreased the level 
of NH3 moderately at a temperature of about 200°C.  At higher temperatures, 
excessive and undesirable oxidation of the H2 in the gas stream occurred.  
Hence, we conclude that the selective oxidation is not an effective process for 
the removal of NH3 in high temperature coal gas streams.   
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EXECUTIVE SUMMARY 
 
In February 2004, Eastman Chemical Company (Eastman) was approached by Research Triangle 
Institute (RTI) and the Department of Energy (DOE) about participating in a DOE-funded joint 
development project to demonstrate a new high-temperature syngas cleanup technology. The 
goal was to remove contaminants from coal-derived syngas at elevated temperature. All 
competing technologies operate at about 100°F or lower, which reduces overall thermal 
efficiency of an integrated gasification combined cycle (IGCC) system. . Previous studies 
comparing the technologies had shown the potential for 1.1% to 2.4% higher thermal efficiency 
for IGCC power plants with this technology for removing contaminants at elevated temperatures. 
At the time, Eastman Gasification Services Company, a wholly owned subsidiary of Eastman, 
was marketing Eastman’s gasification expertise to other gasification users and decided to 
participate in this project for the benefit these new technologies would have on Eastman’s 
business. 
The process technologies demonstrated during the project include: 

• High-Temperature Desulfurization System (HTDS) – removal of H2

• Direct Sulfur Recovery Process (DSRP) – reduction of SO

S and COS by 
absorption onto a ZnO-based sorbent using a dual-loop, continuous fluidized-bed 
transport reactor system (similar to Fluidized Catalyst Cracking, FCC, reactors).  

2

• Multi-Contaminant Removal – removal of trace contaminants NH

 to elemental sulfur over a 
fixed-bed catalyst. 

3

• Acid Gas Membrane Separation – removal of CO

, As, and Hg using 
fixed sorbent beds. 

2 and H2

All the technologies, with the exception of the acid gas membrane, were designed to operate at or 
above 250 °C. The acid-gas membrane technology was designed to operate at <100°C. 

S using reverse-selective 
membranes. 

A block flow diagram showing the HTDS, DSRP, and tail gas scrubber is shown in Figure ES-1 
and a photo of the installed units is included as Figure ES-2. 
Process tie-ins were made during Eastman’s May 2004 gasifier maintenance outage. Final 
business approval was received in November 2004 allowing installation of the HTDS and DSRP 
pilot plants to begin in December 2004. The HTDS was operated with syngas a total of 3,239 
hours over four campaigns between November 2005 and September 2007. The DSRP unit was 
operated a total of 117 hours between May and September 2007. The Multi-Contaminant and 
Acid Gas Membrane Separation units were operated for 525 hr and 500 hr, respectively, in 
February 2008. 
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Figure ES-1 Block Flow Diagram showing HTDS, DSRP and Scrubber 

 
 
High Temperature Desulfurization (HTDS) 
The HTDS unit uses a dual loop, transport reactor system (Figure ES-2) and a ZnO-based 
sorbent to remove sulfur via the following reactions: 
 
  H2S  +  ZnO                H2
 

O +  ZnS 

  COS  +  ZnO              CO2
 

 +  ZnS 

The partially sulfided sorbent is regenerated via reaction with oxygen: 
ZnS  +  3/2 O2   ZnO  +  SO2

Previous attempts to use similar systems had failed because of attrition of the ZnO sorbent due to 
the high velocities in the transport reactor system. The sorbent, RTI-3, used for this work uses a 
proprietary binder system developed by RTI. Based on standardized lab tests, the RTI-3 sorbent 
is significantly more resistant to attrition than commercial FCC catalysts. Testing conducted by 
RTI and KBR using a different pilot scale transport reactor had shown the ability of the RTI-3 
sorbent to remove sulfur from simulated syngas mixtures. However, this testing had not been 
long enough duration to accurately measure the attrition rate or evaluate sorbent performance for 
typical commercial operating periods. In addition, the simulated syngas did not contain the trace 
impurities present in coal-derived syngas and thus did not measure their impact on the process 
performance. 

   

The main goals of the HTDS field trial were to confirm the: 
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• Desulfurization performance of HTDS with coal-derived syngas for a commercially 
significant period of operation; 

• Long-term attrition rate of the sorbent; 
• Impact of any trace impurities present in coal-derived syngas on the sorbent and system 

performance 

 
Figure ES-2 HTDS and DSRP Installation at  

Eastman Chemical Company's Coal Gasification Complex 
 
 
Commissioning of the HTDS unit began in September 2004 and the initial operations with 
syngas were conducted between November 2004 and January 2005. The absorption portion of 
the process was immediately successful in removing >99.9% of the sulfur and producing a clean 
syngas containing between 0.4 ppmv and 10 ppmv total sulfur.  

 

DSRP 
Pilot Plant 

HTDS 
Pilot Plant 

Control 
Room 
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Figure ES-3 HTDS Flow Diagram 

Unfortunately, the regeneration reaction could not be completed at rates sufficient to match the 
absorption reaction and the sorbent quickly became saturated allowing sulfur breakthrough into 
the effluent syngas. Three possible causes of the poor regeneration reaction rate were identified. 
Equipment modifications were made to correct these problems and HTDS operations resumed in 
September 2006 and were immediately successful, achieving steady state operation of both the 
regeneration and the absorption reactions. The modified HTDS unit was operated with coal-
derived syngas for a total of 3,017 hr over a 12 month period and consistently reduced the sulfur 
level to <10 ppmv from a coal-derived syngas containing roughly 8,000 ppmv of sulfur. 
Extensive parametric experiments were completed which identified the significant process 
variables. Chief among these were absorber reaction temperature, absorber reactor residence 
time, absorber sorbent circulation rate, and sorbent sulfur concentration.  
The sorbent attrition rate averaged ~31 lb/MM lb of circulation. Similar attrition rates for 
commercial FCC catalysts are 50 to 100 lb / MM lb of circulation. 
Commercially viable control schemes and procedures were demonstrated for startup, shutdown, 
and normal operations.  
Based on this work, there is a high degree of confidence that the HTDS technology can be 
successfully scaled up and commercialized.  
As part of the commercialization effort, a preliminary design and capital cost estimates were 
prepared for a 50 MWe (~2 MM scfh syngas, dry basis) demonstration plant. The design 
assumed a retrofit into an existing IGCC plant. Tampa Electric Company’s Polk Power Station 
was used as the basis for the design and estimate. The total installed cost was estimated to be $58 
MM. The main purposes of a demonstration plant would be to: 
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• Confirm the key process design criteria (fluidization velocity, residence time, 
attrition rate, etc.) at a semi-commercial scale; 

• Demonstrate the ability to startup and maintain the regeneration reaction and 
quantify the amount of any supplemental heat input required; 

• Accumulate additional run time to increase confidence in the technology. 

 
 
Direct Sulfur Recovery Process (DSRP) 
When syngas is treated in a commercial HTDS, the H2S and COS in the syngas are removed by 
the sorbent and when sorbent is regenerated, it produces a regeneration off gas containing  10 to 
14 mol% SO2 in nitrogen. This stream is very well suited for producing sulfuric acid or it may be 
used to produce elemental sulfur via a modified Claus process. Consequently, RTI also 
developed the DSRP process to catalytically reduce the SO2

SO

 to elemental sulfur via the following 
reaction: 

2 + 2H2  (or CO) 1/nSn +2H2O (or CO2
To demonstrate this process, RTI constructed and commissioned a skid mounted pilot plant as 
shown in Figures ES-4 and ES-5. The unit was installed in Eastman’s gasification department 
after RTI completed initial commissioning with simulated gases. Initial attempts to operate the 
unit encountered a series of equipment problems, especially plugging of the small diameter lines 
(usually ½” tubing) with solidified sulfur.  

) 

 

 
Figure ES-4 DSRP Block Flow Diagram 
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One critical problem was plugging of the molten sulfur drain line. With this line plugged, sulfur 
could not be drained from the collection vessel and the unit had to shut down to avoid overfilling 
the sulfur collection pot. This (and other problems) limited initial experiments to about 24 hours 
and resulted in a very low on-stream factor for the DSRP.  
The most effective solution involved a 1”diameter line and valve equipped with a full tempered 
oil (~150 °C) jacket. With this equipment, the sulfur collection vessel was reliably and 
reproducibly drained multiple times.  
Unfortunately, shortly after resolving this issue and several other equipment issues, the waste gas 
header that handled all the tail gases from both the HTDS and DSRP units suffered a leak due to 
corrosive attack from wet SO2. Based on a number of different project constraints, DOE’s 
decision was to terminate DSRP testing after completing only 117 hours of the 800 hour goal. 

 
Figure ES-5 DSRP Skid Mounted Pilot Plant 

During these 117 hours of operation, the DSRP unit was able to remove 90% to 98% of the inlet 
sulfur. The DSRP catalyst proved very robust demonstrating consistent reaction rates in multiple 
experiments over its 3 year history at RTI and Eastman. While no “fatal flaws” were identified 
during this field testing, because of the limited exposure to coal-derived syngas further testing 
must be done at either pilot or demonstration scale before the DSRP technology can be 
commercialized. 
Multi-Contaminant Removal via Fixed Sorbent Beds 
In addition to sulfur, coal-derived syngas also contains a number of trace impurities that may 
cause problems with downstream processes and/or result in emissions that are harmful to the 
environment. It is therefore desirable to remove these impurities from syngas, again at elevated 
temperature. To this end, a third skid mounted pilot plant was constructed by RTI and installed 
and operated at Eastman’s gasification facility. This Multi-Contaminant (MC) unit, consisting of 
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multiple fixed sorbent beds, was operated for 525 hours at about 200 °C (392 °F) to test the 
following impurity specific sorbents: 

• A regenerable fixed-bed acidic sorbent for NH3

• A disposable fixed-bed sorbent for As removal 
 removal  

• A disposable fixed-bed sorbent for Hg removal 
 

In addition to testing these syngas cleaning technologies, the Multi-Contaminant System also 
included an exposure chamber for a lithium silicate-based sorbent for high temperature removal 
of CO2

No on-line analyses were available for either Hg or As. The sorbent beds will be analyzed by 
RTI for contaminant distribution through the bed. However, this data is not available at this time 
but will be summarized in a later report. 

 from syngas. The objective of this exposure testing was to evaluate accumulation of trace 
contaminants on the sorbent.  

On-line analysis for NH3 was attempted with limited success. A FTIR instrument was used but 
failed after about 7.5 hours due to moisture attacking the optical cell of the instrument. Attempts 
to repair the unit were not successful. A wet chemistry technique was also tried but gave very 
inconsistent results. Based on the limited FTIR data the fresh NH3 sorbent was able to reduce the 
NH3 content of the syngas from 440 ~ 500 ppm to 6 ~ 20 ppm thus removing 95% to 99 % of the 
NH3 present in the feed syngas. No data are available to judge the sorbent’s performance after 
multiple regenerations. While the initial results are encouraging, no conclusions can be reached 
about the long term effectiveness of the NH3
Based on the performance data available at this time no conclusions can be made regarding the 
commercial viability of any of the Multi-Contaminant sorbents. 

 sorbent.   

Acid Gas Removal Using Reverse-Selective Membranes 
In addition to the above high-temperature gas cleanup technologies, the project included the field 
trial of reverse-selective membranes designed to remove acid gases, CO2 and H2S, from syngas. 
The acid-gas membrane unit was incorporated onto the MC skid and was operated for 500 hours 
in parallel with the MC skid operation. The unit was designed to run at ~25 °C and ~1,000 psig 
and consisted of two membrane modules in series as shown in Figure ES-7. 



Eastman Chemical Company   

Hot Syngas Clean Up  Executive Summary    ●    ES-8 

 
Figure ES-7 Acid-Gas Membrane Separation Block Flow Diagram 

 
Three membrane modules were tested, with one of the three fabricated from a newer-generation 
membrane. However, the best performance was achieved with modules made from the “older-
generation” membrane, which removed 67.2% of the CO2 and 94.4% of the H2S while 
minimizing CO and H2 losses. However, The CO and H2

Based on the results of this field trial, significant improvement is needed before this acid gas 
membrane separation technology can be commercialized. 

 losses to the permeate were 
unacceptable and would require recovery at the commercial scale. 

Syngas 
H2O 

Separation 

H2O 

Residue 

Permeate 

M200 M400 
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CHAPTER 1 
SYNGAS DESULFURIZATION USING A DUAL-LOOP 
TRANSPORT REACTOR SYSTEM 
 
 

1.1 INTRODUCTION and THEORY OF OPERATION 
 
The HTDS (High Temperature Desulfurization System) pilot plant consists of two 
coupled transport reactors, the first serving as the sulfur absorber and the second as the 
sorbent regenerator. A schematic of the HTDS is shown in Figure 1-1.  
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Figure 1-1 HTDS Schematic after Eastman Modifications 
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In the absorber the raw syngas is contacted with the RTI-3 zinc oxide-based sorbent to 
remove H2
 

S and COS via the following reactions: 

  H2S  +  ZnO                H2
 

O +  ZnS 

  COS  +  ZnO              CO2
 

 +  ZnS 

Prior to entering the absorber reaction zone (D-210), the raw syngas is heated to the 
desired temperature (600 to 1000°F) in the B-100 heater. The sorbent is introduced to the 
reaction zone via the absorber J-Leg (D-200) or regenerator J-Leg (D-360). The 
superficial gas velocity in the absorber reaction zone is maintained high enough to ensure 
adequate fluidization and transport of the sorbent but low enough to maintain sufficient 
residence time to approach equilibrium. At the top of the absorber reaction zone, the 
reactor diameter is reduced in order to increase the superficial velocity to transport the 
sorbent through the riser (D-220) and into the cyclone separator (L-230). After leaving 
the cyclone separator (L-230), the desulfurized syngas is filtered in a barrier filter to 
remove sorbent fines. The system pressure is controlled by adjusting the gas flow leaving 
the filter. The desulfurized syngas is then sent to a powerhouse boiler for recovery of the 
heat value (the desulfurized syngas was not returned to the Eastman process due to 
pressure drop constraints). The majority of the partially sulfided sorbent is returned to the 
absorber reaction zone via the absorber standpipe (D-250) and J-Leg (D-200). Periodic 
grab samples of sorbent are removed from the bottom of the absorber standpipe for off-
line analysis. 
 
A portion of the sulfided sorbent is sent to the regenerator reaction zone (D-310) via the 
sulfided standpipe (D-260) and J-Leg (D-300) where the following reaction occurs: 
 

ZnS  +  3/2 O2   ZnO  +  SO2
 

   

This reaction occurs above 1100°F and is highly exothermic. In order to initiate the 
reaction, it was necessary to heat the sorbent from the nominal absorber temperature (600 
to 1,000°F) to at least 1100°F. This heat input was provided via electric heaters on the 
outside of the sulfided standpipe and J-Leg. Oxygen was supplied to the regenerator 
reaction zone at 2 to 10 vol% in N2 and was also preheated to 1100 to 1400°F via heater 
B-380. Just as in the absorber, the gas superficial velocity is controlled above the 
minimum fluidization velocity of the sorbent particles, but low enough to allow complete 
reaction prior to leaving the reaction zone. At the top of the regenerator reaction zone the 
flow area was reduced such that the sorbent is transported through the riser (D-320) to the 
cyclone (L-330). The regenerated sorbent leaves the bottom of the cyclone and is 
returned to the absorber reaction zone via the regenerator standpipe (D-350) and J-Leg 
(D-360). The regenerator off gas (ROG) containing SO2 and N2

 

 is sent to a caustic based 
scrubber to remove the sulfur species prior to venting to atmosphere. Alternately, the 
ROG stream could be further treated in the Direct Sulfur Recovery Process (DSRP) pilot 
plant to produce elemental sulfur as discussed in Chapter 3. 
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A slipstream of the desulfurized syngas was analyzed by a gas chromatograph (GC) and 
UV Absorption for H2S, COS, and SO2. A slipstream of the regenerator off-gas was 
analyzed for SO2 via UV Absorption and for O2 via a fuel cell transmitter. Periodic grab 
samples of sorbent were taken from the absorber and regenerator standpipes and analyzed 
for sulfur content via X-Ray Florescence (XRF). The raw syngas is analyzed for 
Eastman's use for H2
 

S, COS, and other species via mass spectrometry. 

1.2 HTDS UNIT INSTALLATION AND MODIFICATIONS AT EASTMAN 
 
Eastman Chemical Company's Chemicals from Coal facility uses a GE Energy’s quench 
gasifier to convert approximately 1,250 tons/day of high-sulfur, Appalachian, bituminous 
coal to methanol and acetyl chemicals, which are a major source of raw materials for the 
Kingsport, Tennessee manufacturing site. The HTDS pilot plant was installed beside 
Eastman's commercial coal gasification facility so that a slip stream of coal-based syngas 
could be used for the testing. The available supply point was in the headspace of a 
knockout pot in the low temperature cooling train. Table 1-1 provides a summary of the 
syngas properties. 
 

Table 1-1   Typical Syngas Supplied to the HTDS Pilot Plant 
 

Parameter Value 
Temperature ~175°C (~350°F) 
Pressure ~ 975 psig 
Water 12 to 15 mole % 
H2 0.5 to 1.5 mole % S 
COS 75 to 500 ppm 

 
The syngas supply line to the HTDS was equipped with electric heat tracing set at 400°F 
to prevent condensation, but received no further treatment prior to entry into the HTDS 
pilot plant. 
 
In addition to syngas, the HTDS pilot plant was supplied with instrument air, 100 psig 
N
1200 psig N

2,  
2, cooling water, and electrical power. The 1200 psig N2 was supplied from a 

system leased from Air Products as sufficient high-pressure N2

INITIAL MODIFICATIONS 

 was not available in the 
Eastman Gasification department. 

 
Off-Gas Filters 
The original design of the HTDS included a ceramic filter element inside both of the 
cyclones (L-230 and L-330) to remove solids from the exit gases. Commissioning efforts 
at the ChevronTexaco’s Montebello Research Center in Montebello, CA demonstrated 
that these filters would quickly blind with sorbent fines. Back-pulsing the filters with N2 
did not effectively clean the filters. Back-pulsing the filters was assumed to effectively 
drive the fines off the filter, but in the combined cyclone/filter design, any fines driven 
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off the filter almost instantaneously ended up back on the filter. To correct this problem, 
the ceramic filters were removed and external filters were added when the HTDS was 
relocated to Eastman's facility. Lockhoppers were also added to each filter to allow the 
fines to be discharged from the system without interrupting the reactor operation. Each 
filter consisted of four (4) sintered metal "candles" housed in a stainless steel pressure 
vessel. High pressure nitrogen was used to back pulse the filter elements to dislodge the 
filter cake. The back pulse was initiated either manually or upon an increase in pressure 
drop above a set point. 
 
Off-Gas Coolers 
The absorber offgas system was equipped with an air-cooled heat exchanger (B-130) to 
cool the desulfurized syngas to about 100°F prior to entering the carbon steel waste gas 
header. The regenerator off gas system was also equipped with a cooler (B-110) between 
the cyclone (L-330) discharge and the off-gas filter (L-335) designed to reduce the ROG 
temperature to less than 1,000°F, which was the maximum allowable working 
temperature (MAWT) of the L-335 filter. 
 
Removal of Slide Valves 
The original design also included slide valves in each of the three standpipes. These 
valves were intended to help control the flow of sorbent from the standpipe into the 
respective reaction zone. During operation at Montebello, these valves were shown to be 
ineffective in controlling solids flow, thus they removed and replaced with short pipe 
sections. 
 
Oxygen Supply 
The original design called for metering high-purity oxygen through a stainless steel 
Brooks mass flow controller (MFC) that had been cleaned for oxygen service. Review of 
this design revealed that the velocities achieved in the MFC were higher than 
recommended per the CGA standard for oxygen. After discussions with Air Products 
(Eastman’s O2 supplier) and Brooks, Eastman decided that it would not be safe to feed 
high purity O2 through the stainless steel MFC. After considering replacing the stainless 
steel MFC with flow controls better suited for O2 service, Eastman decided to use the 
existing Brooks MFC and supply O2 as compressed air from trailers. Initially the O2 
concentration in the trailers was enriched to 30% to allow more operational flexibility. 
The air stream is mixed with N2 prior to feeding to the regenerator reaction zone and 
since the final composition of regeneration inlet gas was always less than 10% O2

 

, the 
decision was made to use normal compressed air (no longer enriched). 

Ground Fault Equipment Protection 
During commissioning at Eastman, one of the resistance heaters stopped heating and 
investigation revealed that an electrical short had developed between the heater element 
and the process pipe. The resulting arc had melted away a significant amount of the pipe 
wall as shown in Figure 1-2. Further investigation revealed that none of the heater 
circuits were equipped with ground fault equipment protection (GFEP) devices as 
required by the National Electrical Code©. Thus, GFEP devices were added to the heater 
circuits before commissioning activities continued. 
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Figure 1-2 Damage to Regenerator Standpipe, 
D-350, from Grounded Heater 

 
 

1.3 INITIAL DESULFURIZATION RESULTS 
 

Tables 1-2 summarizes the HTDS syngas operations conducted at Eastman Chemical 
Company between Nov-2005 and Jan-2006. These data represent the average values over 
the duration of each experiment. In general, the RTI-3 sorbent removed greater than 
99.72% of the sulfur from coal-derived syngas and produced a clean syngas containing 
0.5 to 24.0 ppmv total sulfur. 
 

Table 1-2 Summary of HTDS Syngas Experiments 1 to 32 
 

Item Min Max
Number of Runs
Duration of Syngas Feed, hr 0.4 23.5

Average SG Duration, hr
Total Duration of Syngas Feed, hr

System Pressure, psig 130 800
Absorber Temperature °F 738 975
Regenerator Temperature °F 1110 1334

32

4.7
222.0

 
 

Note: Min and Max values are averages for the duration of the experiment 
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While the sulfur removal was excellent at >99.7%, the sorbent regeneration rate was 
slower than had been observed in previous work performed by RTI and KBR. The slow 
regeneration rate resulted in an accumulation of sulfur within the system (absorption rate 
> regeneration rate), which resulted in the sorbent becoming saturated with sulfur in less 
than 24 hour and prevented achieving steady state operation of the HTDS. The longest 
run (Experiment 5) lasted 23.5 hours and occurred relatively early in the syngas 
operations. Figure 1-3 shows the sulfur absorption and regeneration rates, sulfur 
accumulated on the sorbent, and total sulfur concentration in the desulfurized (clean) 
syngas for Experiment 5. Figure 1-4 shows the concentration of H2S, COS, and SO2

 

 in 
the desulfurized syngas for the same experiment. Similar data for Experiment 23 at 600 
psig operating pressure is shown in Figures 1-5 and 1-6. 
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Figure 1-3 Sulfur Balance for Experiment 5 
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Figure 1-4 Sulfur Concentrations for Experiment 5 
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Figure 1-6 Sulfur Concentrations for Experiment 23 

 
Both data sets show sudden drops in the sulfur regeneration rates, which are the result of 
a process safety interlock shutting off the oxygen feed because the O2 concentration in 
ROG exceeded the safe operating level. This excessive O2 "bleed" was unexpected based 
on previous work and was a constant problem throughout these 32 experiments. Once this 
interlock cleared, the O2

 

 feed was resumed but usually at a lower rate in an attempt to 
avoid tripping the interlock again. 

Once the sorbent became saturated with sulfur, the syngas feed was stopped and replaced 
with nitrogen to maintain sorbent circulation in both the absorber and regenerator reactor 
loops. Sorbent regeneration was continued until the sulfur concentration on the sorbent 
was low enough to permit the sulfur absorption to resume, at which time syngas feed was 
resumed in the absorber fluidized zone. Figure 1-7 illustrates this point using data from 
Experiments 18 and 19. This procedure always worked indicating that the sorbent could 
be successfully regenerated, but not at a rate that would match the sulfur absorption rate.  
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Figure 2 - Total Sulfur in Effluent Syngas
Experiments 18 & 19
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Figure 1-7 Total Sulfur in Effluent Syngas, Experiments 18 & 19 
 

Sulfur absorption rates were very consistent for any experiment until the sorbent became 
saturated with sulfur. Figure 1-8 shows sulfur absorption and regeneration rates as a 
function of operating pressure. The increased absorption rate at higher pressure is the 
result of the increased standard volume of gas flow (scfh) required to achieve similar 
actual gas flow (acfh) and maintain fluidization velocities at the higher pressure. For most 
experiments, the syngas feed rate was kept as low as possible to maintain fluidization, yet 
minimize the absorption rate in an attempt to achieve an acceptable sulfur balance. No 
attempt was made to determine maximum feed rate or minimum contact time. Figure 1-8 
also shows that the regeneration rate was not affected by operating pressure because of 
the slow kinetics. 
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Figure 1-8 Sulfur Absorption and Regeneration Rates as a Function of Operating Pressure 

 

1.4 Demonstrate Acceptable Regeneration Rate 
 
With the original equipment design, the regeneration reaction rate could not be 
maintained at a high enough rate to match the sulfur absorption rate and prevent sulfur 
accumulation. Every attempt to increase the O2 (air) feed rate resulted in high levels of 
O2 in the regeneration off gas that tripped a safety interlock and shut off the O2 feed. An 
experiment was conducted to determine if acceptable regeneration rate could be achieved 
if high levels of O2 were allowed in the ROG. To conduct this experiment, the sorbent 
was first saturated with sulfur (8.9 wt%) and the absorber gas feed switched from syngas 
to N2 to maintain circulation. The high ROG O2 interlock was then bypassed and O2 was 
supplied to the regenerator. As can be seen in Figure 1-9 SO2 and O2 levels increased in 
the ROG shortly after O2 feed was started and reached maximum values of about 8 vol % 
SO2 and 6 vol % O2

 
.  
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Figure 1-9 ROG Concentrations with Excess O
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Figure 1-10 Sulfur Regeneration Rate with Excess O2 
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The sulfur regeneration rate achieved during this experiment is shown in Figure 1-10 and 
was as high as 6.75 lb/hr. While the regeneration rate was higher than previously 
achieved, it still was not as steady as typical absorption rates.  At the conclusion of the 
experiment, the sulfur loading on the sorbent had been reduced to 1.76 wt %.  
 
While this experiment showed that high regeneration rates could be achieved, it would 
not be safe to allow such high O2

 

 levels in the ROG while feeding syngas to the absorber 
reactor as the two streams (ROG and syngas) could mix and form an explosive mixture. 
Mixing of these occurred frequently as the sorbent seal (J-Leg D-360) between the 
regenerator standpipe (D-350) and the absorber reaction zone (D-210) was not robust and 
was often cleared of sorbent allowing syngas to flow into regenerator standpipe (D-350) 
and mix with the ROG stream.  

  

1.5 SYNGAS OPERATIONS WITH MODIFIED DESIGN  
 
Based on the pilot plant experiments conducted at Eastman and laboratory investigations 
conducted by RTI, the project team identified several potential causes of the low 
regeneration reaction rates. Based on these findings, additional, proprietary modifications 
were made to the HTDS pilot plant. Syngas operations with this modified design were 
started in September 2006. Steady state operation of both the absorber and regeneration 
subsystems were achieved within 10 hours of startup with the sorbent regeneration rate 
easily matching the sulfur absorption rate. Table 1-3 lists the ranges for operating 
temperatures in the absorber and regenerator and the system pressure as tested daily 
during the experiments conducted with the modified unit between Sept-06 and Sept-07. 
These experiments were conducted in three separate “campaigns”. 
 

Table 1-3 Summaries of HTDS Syngas Operations, Modified Design 
 

Item     Min     Max 
Number of Runs 34 
Duration of Syngas Feed, hr 7.1 345.8 

Average SG Duration, hr/experiment 86.2 
Total Duration of Syngas Feed, hr 3,017.5 

Average System Pressure, psig 299 605 
Average Absorber Temp,°F 748 942 
Average Regenerator Temp,°F 1,154 1,388 

 
Note: Min and Max values are averages for the duration of the experiment 

 
 
The first campaign, Sept-06 through Nov-06, was stopped when the filter elements of the 
desulfurized syngas filter, L-280, failed due to sulfidation attack on the sintered metal 
filter cloth (additional details are provided in Section 1.8.1 of this report). Replacement 
filter elements were procured allowing operations to resume in Feb-07. 
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The second campaign, Feb-07 through June-07, was stopped to allow for modifications to 
be made to the Direct Sulfur Recovery Process (DSRP) unit. The DSRP unit converts 
SO2

 

 from the ROG stream into elemental sulfur and cannot run without the HTDS unit 
providing the ROG stream. These modifications (discussed in the DSRP section of this 
report) were not completed until Aug-07 because of the lead time for several components. 

The third campaign, Sept-07, was stopped when a leak developed in the waste gas line 
that allowed desulfurized syngas to leak into the atmosphere. The leak was the result of 
corrosion to the carbon steel line by a mixture of water and SO2 that resulted from 
mixing the ROG stream with the desulfurized syngas. This occurred because the caustic 
based scrubber previously used to process the ROG stream had been removed from the 
system to allow installation of the Multi-Contaminant Removal unit (see Section 1.9 of 
this report for further details). Because of the high corrosion rate and the potential to 
release syngas and SO2

 

 to the environment, the HTDS system could not operate unless 
the caustic scrubber was reinstalled, which was cost prohibitive. Thus, HTDS operations 
were stopped.  

In general, the system was able to consistently remove greater than 99.9% of the inlet 
sulfur and produced a desulfurized syngas containing <10 ppm total sulfur. The initial run 
of campaign 1 (Experiment 35) used new RTI-3 sorbent (no prior syngas exposure) and 
averaged <1 ppm total sulfur in the exit syngas. All other experiments employed 
previously used sorbent and were not able to achieve as deep sulfur removal. However, 
sulfur concentrations of 3 to 10 ppm were easily obtained with proper operating 
conditions. Experiments where the total exit sulfur was >10 ppm were usually the result 
of intentional parametric experimentation. Figures 1-11 and 1-12 use Experiment 40 to 
illustrate typical HTDS performance. At the start of this experiment, the sorbent had 
experienced about 300 hr of syngas exposure. 
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Figure 1-11 Typical HTDS Performance, Experiment 40 
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Figure 1-12 Typical HTDS Performance by Component, Experiment 40 

H2S Removal  =  99.97 % 

COS Removal  =  99.96 % 
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1.5.1 Process Control Strategies 
While most process variables such as temperature and pressure were easily controlled 
using standard instruments and PID control algorithms, several key process variables 
were more difficult to measure and/or control and thus are discussed in detail in this 
section. 

1.5.1.1 Sorbent Circulation Rate 
The sorbent circulation rate within a given reactor loop was estimated using the following 
equation: 
 
Sorbent Circulation (lb/hr)  =  Actual Gas Flow (ft3 /hr)  *  Riser Density (lb/ft3

 
) 

While the gas flow into a loop is reported as standard volume per hour (scfh) it is easily 
converted to actual volume by correcting it for the actual temperature and pressure using 
the gas law (PV = nRT). The density (lb/ft3

 

) of the sorbent/gas mixture in the riser (D-
220 or D-320) is estimated by measuring the pressure difference (dP) in the riser (PDT-
220 or PDT-320) then converting this to density by multiplying by the height difference 
between the high and low taps of the PDT. The riser section is used because of the higher 
velocity, compared to the reaction zones (D-210 and D310) and thus lower amount of 
sorbent back-mixing. 

The original intent was to control the sorbent circulation rate in each reactor loop by 
controlling the aeration nitrogen flows into the appropriate J-Leg and include sorbent 
circulation rate as a design variable for the parametric experiments. Unfortunately the 
estimated sorbent circulation rate was not usable for this purpose as the measured 
pressure drop across the riser was greatly influenced by the system pressure. As the 
system pressure was lowered, actual volumetric gas flow increased (for the same standard 
gas flow) and caused a corresponding increase in riser pressure drop that resulted in an 
artificially high estimate of the sorbent circulation rate. An attempt to measure and 
correct for the pressure contribution (independent of the sorbent contribution) was not 
successful. Additionally, even though the sorbent circulation rate could be influenced by 
the J-Leg aeration gas flows, the degree of control was not good enough to allow the use 
of the sorbent circulation rate as a variable for the parametric experiments. 

1.5.1.2 Sorbent Sulfur Loading 
As can be seen in Figure 1-13 below, the sorbent sulfur loading (wt% sulfur on the 
sorbent) affected the residual sulfur left in the desulfurized syngas. Thus it was desirable 
to control the sorbent sulfur loading and perhaps include it as a design variable in the 
parametric experiments. However, this variable proved to be difficult to control as there 
was no on-line measurement of sulfur content on the sorbent. An off-line method 
employing X-Ray florescence was developed by Eastman and was initially employed by 
removing samples from the absorber and/or regenerator standpipes (D-250 and/or D-350) 
with analysis performed at one of Eastman’s central laboratories. During Campaigns 2 
and 3, a bench-scale instrument was used in the local analyzer shelter to reduce the time 
delay between taking the sample and obtaining the results. 
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Figure 1-13 Feed Forward Control of Sorbent Sulfur Loading 
 
Once a sorbent sulfur loading measurement was available work began on developing 
control schemes to improve the stability of the sorbent sulfur loading. The initial attempt 
was to calculate a real time estimate for the rate of sulfur absorbed from the syngas and 
the rate of sulfur removed by the regeneration reaction using the following equations: 
 
 
Sulfur Absorption Rate, lb/hr = Syngas flow, scfh * (Si – So) * 1x10-6 

 359 lb-mol / scf 
* 32 lb/lb-mol  

 
 
Sulfur Removal Rate, lb/hr = ROG flow, scf/hr * SO2
 100% * 359 scf/lb-mol 

 Conc, vol% * 32 lb/lb-mol 

 
Where, Si = Sulfur concentration (ppmv) in inlet syngas 
 So = Sulfur concentration (ppmv) in outlet syngas (leaving the absorber). 
 
The sulfur absorption rate was usually determined using the experimental parameters; 
thus to maintain a balanced sulfur inventory, the rate of sulfur removal was adjusted by 
adjusting the amount of air (O2) fed to the regenerator reactor. Therefore, the air feed rate 
was ultimately determined by the sulfur absorption rate. Once the air feed rate was set, 
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the amount of N2

 

 fed to the regenerator reactor was adjusted to maintain adequate 
fluidization of the sorbent in the regenerator mixing zone. 

The above equations were programmed into the control system and the sulfur absorption 
and regeneration rates were calculated in real time. Operators were asked to adjust the air 
(O2

 

) feed rate based on both the calculated sulfur rates and the periodic (typically every 3 
hours) lab results. This resulted in very poor control of the sorbent sulfur loading because 
of the long delay in getting lab results and the inconsistency in the operator adjustments. 
After several efforts to provide guidance for changes to the air flow rate, a decision was 
made to try and automate this control scheme through the use of a supervisory controller. 

Sulfur Rate Ratio Controller 
The ratio of sulfur removed over sulfur absorbed was calculated and used as the control 
variable for a PID controller whose output was used as a remote set point to the air 
(oxygen) flow controller. If all the measurements were accurate and the sulfur rates were 
balanced (equal), then the ratio should be equal  to 1 and the sorbent sulfur loading 
should be relatively constant. The off-line sorbent sulfur loading measurement was then 
used by operators to adjust the set point of the “ratio” controller. If one desired to adjust 
the sorbent sulfur loading to a new level then a set point above 1 would reduce the 
sorbent sulfur loading and a set point below 1 would increase the sorbent sulfur loading. 
If a bias existed due to inaccuracies in one or more measurements than a set point other 
than 1 could be used to compensate.  
 
This system was employed early in the second campaign with some success. However, 
the ROG measurements proved to be very noisy that resulted in a very noisy air feed rate. 
Additionally, the ROG flow measurement would take large, unexplained step changes 
that would result in large changes in the air feed rate. These problems resulted in less 
than ideal control scheme; and therefore, an alternate control scheme was attempted. 
 
Feed Forward Control 
Since most of the variability appeared to be in the ROG flow and concentration 
measurements, the sulfur absorption rate, a much more stable measurement, was used to 
predict the amount of air needed to maintain a balanced system. The following equation 
was programmed into the control system 
 
Air Required = Abs. Rate, lb-S/hr * 1.5 mol O2
 (scfh) 32 lb S / lb-mol * 0.21 mol O

 / mol S * 359 scf/lb-mol 
2

 
 / mol Air 

The calculated air requirement was then used as a remote set point for the air flow 
controller. The operators were then allowed to add a bias between -100 and +100 scfh to 
allow for any measurement inaccuracies. Figure 1-14 provides an example of how well 
the feed forward control scheme was able to maintain relatively constant sorbent sulfur 
loading even during significant changes in the sulfur absorption rate caused by intentional 
changes to the syngas feed rate. 
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Figure 1-14 Feed Forward Control of Sorbent Sulfur Loading 

 
This control scheme proved to be much more reliable at maintaining a consistent sorbent 
sulfur loading and is the preferred control scheme for any future operations (pilot or 
larger). However, it too had time periods when it was not as effective, which led to delays 
in reaching the desired conditions. While the commercial viability of the HTDS 
technology is not adversely affected by the lack of an on-line measurement of the sorbent 
sulfur loading, the operability of future plants would be significantly improved if an on-
line measurement of sulfur content on the sorbent was available.  
 

1.6 Parametric Experiments 
 
Parametric experiments were focused on determining the effect of pressure (measured on 
the discharge of the absorber cyclone), absorber reaction temperature, and absorber 
reaction residence time on the total exit syngas sulfur concentration. Unfortunately the 
sorbent circulation rate could not be controlled well enough to be included as a process 
variable. As a result, the experimental strategy was modified to conduct relatively short 
duration experiments (no more than 24 to 48 hours) adjusting only one process variable at 
a time. These single variable experiments were usually repeated in order to confirm the 
behavior. 
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1.6.1 Absorber Temperature 
Figure 1-15 shows the effect of absorber temperature at constant pressure, residence time 
and sorbent sulfur loading. The improvement in sulfur removal with reaction temperature 
is believed to be the result of improved kinetics and/or mass transfer into the sorbent 
particles. At higher temperatures, the sorbent was able to consistently reduce the total 
sulfur content of syngas below 10 ppmv in this experiment.  As discussed previously, 
other experiments showed lower than 10 ppmv of total sulfur in the syngas, this set of 
data in no way represent a limitation on HTDS to remove sulfur down to <5 ppmv. 
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Figure 1-15 HTDS Performance vs. Absorber Temperature, Experiment 56 

 
If the data set is limited to the red squares the best fit is linear in temperature. If all data 
are included (red squares and blue diamonds) then the best fit is quadratic in temperature. 
This suggests that the absorption reaction is controlled by different mechanisms in these 
two temperature ranges.  It should also be noted that the D-210 reaction zone density was 
only ~20 lb/ft3 during this experiment, where other experiments achieved densities of ~40 
lb/ft3. A direct effect of this lower density will be higher sulfur leak (<10 ppmv compared 
to < 5 ppmv at 40 lb/ft3

 

 as indicated above). This lower density is a direct result of lower 
sorbent circulation through the absorber.  

1.6.2 Absorber Residence Time 
Two residence time experiments are presented in Figure 1-16. These data are best fit by 
an inverse power equation in residence time and again seem to be approaching 
equilibrium at the higher residence times. The 6-Mar-07 Experiment 55 resulted in lower 
residual sulfur probably because of a combination of a) higher sorbent circulation as 
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indicated by higher D-210 density (23 lb/ft3 vs. 17 lb/ft3

 

); and b) lower sorbent sulfur 
loading (3.4 wt % vs. 4.3 wt%) 

R² = 0.9103
~17 lb/ft3 Mixing Zone Density

4.3 wt% Sorbent Sulfur Load
6,834 ppm Sulfur in Feed

R² = 0.971
~23 lb/ft3 Mixing Zone Density

3.4 wt% Sorbent Sulfur Load
6,750 ppm Sulfur in Feed
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Figure 1-16 HTDS Performance vs. Absorber Residence Time, Experiments 55 & 61 

 

1.6.3 Minimum Sorbent Temperature to Maintain Regeneration Reaction 
During Run 43, an experiment was conducted to determine if the regenerator energy 
balance was sufficient to maintain reaction temperatures in the HTDS. Heat input to the 
sulfided standpipe (D-260, which transfers partially sulfided sorbent from the absorber to 
the regenerator) was slowly decreased allowing the temperature of the sorbent entering 
the regenerator to slowly decrease. As the inlet temperature (TIC269B) was lowered, the 
temperatures in the "normal" reaction zone, TIC313, TIC314, and TIC315, decreased but 
the temperatures at the top of the regenerator reaction zone (D-310), TIC328 and TIC329, 
did not change, implying that the reaction was still occurring but the reaction zone was 
stretched out (Figure 1-17). As the inlet temperature approached 810°F, oxygen 
breakthrough was detected in the regenerator off-gas (AT674, Figure 1-18). Attempts to 
maintain reaction rates (adjusting air feed rate (FIC380) and increasing syngas feed to 
increase sorbent sulfur load) were not successful. As indicated by increased O2 leakage 
(AT674) and decreased SO2

 

 concentration (AT373) in the ROG, and decreased reaction 
temperatures, the regeneration reaction essentially stopped. No attempt was made to 
restart the regeneration reaction since the system was being shut down for maintenance. 
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Figure 1-17 Regenerator Sorbent Feed Temperature, Experiment 43 
 
 

 
 

Figure 1-18. Regenerator Off Gas Composition, Experiment 43 
 
 

TIC269B Inlet Sorbent Temp,°F TIC316 Rxn Zone 4 Temp,°F 
TIC313 Rxn Zone 1 Temp,°F TIC328 Rxn Zone 5 Temp,°F 
TIC314 Rxn Zone 2 Temp,°F TIC329 Rxn Zone 6 Temp,°F 
TIC315 Rxn Zone 3 Temp,°F FIC380 Air Feed Rate, scfh 
 

S in ROG, lb/hr  

O2 Breakthrough  

Low Rxn Temp 
 stops air feed 
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Based on this and other confirmatory experiments, a minimum temperature of 850°F was 
required for the sulfided sorbent entering to the regenerator to maintain adequate 
regeneration reactor temperatures. This minimum sorbent temperature could possibly be 
lowered if the sorbent feed rate could be reduced.  This experiment could not be 
completed in the current system due to system design limitations. 
 

1.6.4 Sorbent Attrition 
Sorbent physical losses (elutriation and/or attrition) in a commercial system usually occur 
because of particle collisions with other particles and hard system surfaces (e.g. reactor 
walls) that occur during circulation. Standardized tests exist that attempt to predict the 
ability of the sorbent to resist attrition and these tests predicted that the RTI-3 sorbent 
was more resistant to attrition than existing commercial FCC catalysts. Table 1-4 
summarizes the RTI-3 sorbent losses for several of the longer duration experiments. Long 
duration experiments were chosen to minimize any sorbent losses during charging or 
discharging operations for a given experiment. Any sorbent added to the HTDS system 
beyond the initial 210 lb charge is included in the table as either New or Returned and is 
used to provide an estimate of sorbent losses. As Returned sorbent was included in the 
original charge, it should not represent sorbent attrition but is included as an estimate of 
the maximum attrition rate. The New sorbent category represents net additions to the 
sorbent inventory and is thus the best estimate of the actual sorbent attrition rate. This 
ranged from 0 to 76 lb/million lb of circulation with a time-weighted average of 31 lb/ 
million lb of circulation. 
 
For the HTDS system, the largest cause of sorbent losses was usually due to sorbent 
sampling for monitoring the sorbent sulfur loading. These samples were usually collected 
every 3 hours, but sometimes as often as every hour, and resulted in removing ½ to 1 
pound of sorbent for each set of samples (absorber and regenerator). Thus, in a normal 
day, 4 to 16 lb of sorbent could be removed due to sampling activities. As the initial 
sorbent charge was only 210 lb, this sampling removed a significant portion of the 
sorbent inventory. For this reason, this material was usually retained and then returned to 
the HTDS system once 10 to 30 lb of sorbent had been accumulated and is included in 
the Returned category in the above table. 
 
The next most common cause of sorbent losses was material removed from the tail gas 
filters. On some occasions, large amounts of sorbent (10 to 50 lb) would be removed 
from the tail gas filters. This was usually the result of a pressure upset that resulted in 
reverse flow through the regenerator standpipe and cyclone. If the material appeared to be 
normal particle size (as opposed to fines), then this material would be returned to HTDS 
system and is also included in the Returned category in Table 1-4. During normal 
operation, this material was usually fines that were small enough that they were not 
captured by the cyclones and thus represents the true attrition. Attempts were made to 
remove this material on a routine basis and record the weight. However, we were not able 
to reliably capture all of this material as the quantity was usually small (<1lb) and it was 
difficult to consistently discharge all the material from the filter and lockhopper system. 
Attempts to close the sorbent material balance were not successful. 
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Table 1-4 Estimate of Sorbent Attrition 

 
Experiment # 37 - 40 44 - 45 50 56 61 67 
Duration (hr) 399 179 154 274 276 346 
System Pres. 
(psig) 

300, 450, 
600 

600 300 300, 450 450 300, 450, 
600 

Average Sorbent Circulation Rate (lb/hr) 

Absorber 
               
2,841  

                
1,981  

                
2,690  

                
2,538  

                
2,875  

                
2,813  

Regenerator 
               
2,010  

                
1,289  

                
2,917  

                
2,293  

                
1,611  

                
1,412  

Total Sorbent Circulation (lb)a 

Absorber 
        
1,128,716  

             
354,668  

             
414,260  

             
695,363  

             
796,272  

             
976,031  

Regenerator 
           
798,951  

             
230,813  

             
449,142  

             
628,165  

             
446,243  

             
489,974  

Total 
        
1,927,667  

             
585,481  

             
863,403  

          
1,323,528  

          
1,242,515  

          
1,466,005  

Sorbent Additions 
New 146  b 0 0 0 30 55 
Returned 289  c 51 60 30 30 62 
Sorbent Losses (lb / MM lb Circulated) 
New 76   b 0  0  0  24  38  
New + Returned 150   c 87  69  23  24  42  
Sorbent Losses, Time Weighted Average of All Experiments(lb / MM lb Circulated) 
New 31  b 
New + Returned 70  c 

 

a Average sorbent circulation rates were calculated for each 1 hr period of the experiment. These 1-hr 
averages were then summed to determine the Total Sorbent Circulation. 
b  New sorbent charges were any material that had not previously removed from that experiment and 
thus represents the replacement of lost sorbent. It may have been used in a prior experiment. 
c

 

 Returned sorbent was any material that had been removed from the system during that experiment 
through sampling operations or filter discharges. As such, it does not represent actual sorbent losses 
but is shown to provide an indication of sorbent transfer into and out of the HTDS system. 

 

1.7 Additional Equipment Problems with the Modified Design 

1.7.1 Corrosion of Absorber Off Gas Filter Elements 
During Experiments 48-50, the absorber off gas system began experiencing problems 
with the sampling system plugging and the back pressure control valve (PV-230) 
sticking. The HTDS system was shutdown and the absorber off gas filter (L-280) 
disassembled revealing that the sintered metal filter elements had failed due to sulfidation 
attack. The filter elements had been in service for about 1,238 hours of syngas exposure. 
The filtration media of the failed elements was constructed of Bekaert Alloy HR (DIN 
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No. 2.4605), which corresponds to the Alloy 59 produced by Thyssen-Krupp-VDM in 
Germany. 
 

 
 

Figure 1-19 Failed Absorber Filter Elements 
 
Investigation by energy dispersive spectroscopy (EDS) revealed that the Alloy 59 wires 
were attacked by arsenic and sulfur. A peeling outer layer of the screen was observed to 
have arsenic/sulfur rich scales. The wires retained a core of original metal alloy, 
surrounded by a chromium-sulfide scale, with an outer scale mainly of nickel, sulfur, and 
arsenic, but also containing moderate amounts of zinc and aluminum. The wires on the 
inside of the filter were not as badly sulfided. The wires in the syngas filter had broken 
into much smaller lengths, regardless of position in screen thickness. The reason was not 
investigated but is believed due to sulfide attack along the grain boundaries. A loose 
black powder present on the elements was analyzed by XRD and found to be a Ni11As8 

 
powder. 

The proposed failure scenario for the Alloy 59 syngas filter is by the fluxing action of an 
arsenic-sulfur mixture that leads to sulfidation of the alloy. The XRD results showing a 
strong presence of Ni11As8 led to examination of binary phase diagrams for the Ni-S, As-
S and Ni-As systems. The As-S system will form a liquid at temperatures as low as 
200°C and at 500°C, the compositional range for these two elements indicate 75% 
likelihood to be a liquid. It is believed that this As-S liquid acts as a flux to lower the 
reaction temperature between nickel and sulfur, which in turn results in the classic 
sulfidation of the nickel alloys. This classic sulfidation reaction forms the Cr-S rich scale 
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as observed in the elemental analysis because the nickel will diffuse outward as the sulfur 
diffuses inwards.  
 
The estimated corrosion rate is very low, less than a mil per year (0.001"/yr). However, 
because the wire size is only about 10 microns, the 1,238 hour exposure has destroyed the 
filter screen wires by sulfidation.  
 
Replacement filter elements were constructed of Dynalloy™ D215-160 by Pall 
Corporation and were used successfully for 2,002 hours of syngas exposure during 
Experiments 51 through 69. Pressure drop across the filter elements was normally ~ 1 psi 
but on occasion was as high as 4 psi at high gas flow rates. The elements were inspected 
after Experiments 67 and 69 revealed no evidence of corrosion or mechanical 
degradation.  
 

 
 

Figure 1-20 Dynalloy D215-160 Filter Elements after 1,767 hr of Use 
 

1.7.2 Sorbent Charging Valves 
The HTDS system used a lockhopper system to transfer sorbent into the system while 
operating at elevated temperature and pressure. A double valve system was also used to 
remove sorbent samples from the base of the standpipes at operating conditions. In both 
cases, full port valves must be capable of allowing sorbent flow when open yet not leak 
when exposed to 1000 psi pressure difference. The original design used ball valves for 
this service. These valves were designed for steam service and the seats were quickly 
abraded by the sorbent particles resulting in unacceptably high leak rates. Prior to 
Experiment 35, the “steam” valves were replaced with metal seated ball valves better 
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suited for the abrasive service. This type valve had performed well on the off-gas 
filter/lockhopper systems and was expected to perform well in the new applications. The 
new valves worked well on the sorbent sampling systems, but experienced problems on 
the sorbent charging system. 
 
The sorbent charging line began to experience plugging problems during Experiment 11 
after about 750 hr of operation with the new valves. Initial investigation revealed that the 
valve seats had become scored by the sorbent, allowing wet syngas to leak through the 
valve. The water then condensed on the low pressure side of the valve and combined with 
sorbent to form a plug. Replacing the upstream valve seats (Figure 1-21, item 2) and the 
Belleville spring washer (Figure 1-21, item 3) would improve the valve performance 
temporarily but the problem would return within a few days time. 
 

 
 

Figure 1-21 Metal Seated Ball Valve used in Sorbent Transfer Systems 
 
Further investigation with the valve vendor revealed that the problem was caused when 
the valve experienced a pressure reversal during the sorbent charging procedure: 

• While loading sorbent to the lockhopper, the HTDS is at 300 to 800 psig resulting 
in a pressure gradient toward the lockhopper; 

• To transfer the sorbent from the lockhopper to the HTDS, the lockhopper pressure 
is raised to 50 to 100 psi above the HTDS pressure, i.e. reversing the pressure 
gradient; 

 
This pressure reversal would compress the Belleville spring washer such that the ball was 
no longer held tight against the seats allowing the valve to leak.  
 
We were not able to modify the valves or the charging procedures to prevent this 
recurrence. However, by using dry nitrogen to maintain the lockhopper pressure above 
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the HTDS pressure, a small amount of N2

1.7.3 Plugging of Regenerator Reaction Zone with Pipe Scale 

 leaked into the HTDS and kept the line from 
plugging. Double seated valve are available that are designed for pressure reversal and 
should be used on any future systems. 

 
Maintenance operations would often require the HTDS system to be shutdown and all 
sorbent removed. During the initial runs of the first campaign the normal procedure was 
to circulate the sorbent using nitrogen while cooling the entire system to about 250°F and 
then immediately remove the sorbent through the sample valves on the absorber and 
regenerator standpipes. When attempting to restart from Experiment 42, the regenerator 
reaction zone was plugged and would not allow sorbent circulation through the 
regenerator loop. Investigation revealed a significant amount of pipe scale at the bottom 
of the regenerator reaction zone (D-310). Figure 1-22 is a photo from a video inspection 
of the D-310 zone. Elemental analysis indicated the scale to be of similar composition to 
typical stainless steel. The shape and size of the scale pieces suggested that it had been 
attached to the D-310 reactor wall and had flaked off after the sorbent had been removed, 
probably due to thermal expansion effects. 
 
 

 
 

Figure 1-22 Pipe Scale at the Base of Regenerator Reaction Zone, D-310 
 
This problem recurred several times during the first campaign. Attempts to remove the 
scale by blowing it from the system with N2 and/or using a rod or plumber’s snake to 
remove it through the D-300 J-Leg were only partially successful. When sorbent was 
reloaded for Experiment 44 (Thursday, 10/19/06), a partial plug was formed in the 
transition between the reaction zone (D-310, 1.8” I.D.) and the riser (D-320, 0.6” I.D.) as 
indicated by transmitter 99PDT315 (light blue trace in Figure 1-23) being off scale high. 
The HTDS was able to resume operation in spite of the restriction, which was slowly 
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broken up over the 3 days of operation as indicated by 99PDT315 slowly returning to the 
"normal" range. 
 

 
 

Figure 1-23 Regenerator Reaction Zone Plugging, Experiment 10 
 
Based on this observation, the shutdown procedure was modified to continue sorbent 
circulation for at least 6 hours after the temperatures had reached 250°F. This allowed the 
sorbent circulation to break up the scale as it broke free of the pipe wall. The smaller 
particles of pipe scale were then easily discharged from the HTDS with the sorbent, 
essentially eliminating plugging of the D-310 zone. Plugging of the D-310 to D-320 
transition was greatly reduced once this procedure change was implemented. 
 
Once the scale was identified as stainless steel, the pipe thickness was routinely 
monitored at several strategic locations. These measurements never revealed any 
significant changes to the pipe thickness. Thus no explanation can be offered for the 
source or mechanism of the regenerator pipe scale. 
 
While scaling of the regenerator reactor walls may occur in a commercial, refractory 
lined system, plugging of the regenerator is not expected as the internal diameters will be 
much larger than the 0.6” I.D. of the pilot scale regenerator riser. 
 

1.7.4 In-Line Filters for Off Gas Lockhoppers 
While servicing the relief devices in July 2007, a significant amount of sorbent was found 
in the vent header. This vent header serves both the emergency relief devices and several 
non-emergency process vents. The sorbent was still fluid and would have probably not 
have interfered with an emergency venting event, however, given the RTI-3 sorbent’s 
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tendency to form hard plugs when mixed with water, the source had to be identified and 
corrected.  
 
The most likely source was judged to be venting of the off-gas lockhoppers prior to 
discharging sorbent from the off-gas filters. Any solids present in the lockhopper could 
easily be fluidized and carried into the vent header during the depressurization as the vent 
paths were not equipped with any filtration device. To prevent a recurrence, sintered 
metal in-line filter disks were installed between existing flanges in the process vent lines 
for both the lockhoppers. These filters were installed prior to the September 2007 
operations. The vent header was later examined and contained only a small amount of 
sorbent probably left over from the previous contamination. 
 

 
 

Figure 1-24 Filter Disk Installed in Lockhopper Vent Path 
 
 

1.8 SO2 SCRUBBER  
 

1.8.1 Scrubber Reliability 
In order to minimize SO2 emissions to the environment the Regenerator Off Gas (ROG) 
was passed through an aqueous scrubber prior to being vented to atmosphere as shown in 
Figure 1-25. Recirculation pump P-425 was used to circulate 2 to 4 gpm of the scrubber 
solution from vessel V-420 to the top of a packed column. An additional 5 to 10 gpm was 
circulated to the to a venturi educator located on top of V-420. The SO2 containing ROG 



Eastman Chemical Company   

Hot Syngas Clean Up  Desulfurization    ●    1-30 

stream was fed into the venturi and passed into V-420 and up the packed column before 
being vented to atmosphere. The pH of the scrubber solution was maintained at 11 to 12 
by adding an aqueous solution of 25 % NaOH via pump P-465. Additional water was fed 
into scrubber vessel V-420 through a rotameter. Excess liquid overflowed from V-420 
through a side nozzle and into V-480 prior to transfer to Eastman’s industrial waste water 
treatment system. As the scrubber was an environmental control device, interlocks were 
established that would disable the air (O2) feed to the regenerator if the pH was less than 
11.0 or if liquid flow to the top of the column was less than 2.0 gpm. Unfortunately the 
scrubber components proved to be less than reliable and were the cause of most of the 
HTDS downtime. The most common scrubber problems are discussed below. 
 
 
 

V-480

Recirculation Pump
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Treatment

ROG from
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Figure 1-25 SO2 Scrubber Process Flow Diagram 
 
Pump P-425 - The mechanical seal on circulation pump P-425 failed several times 
resulting in loss of circulation flow. The root cause was found to be improper adjustment 
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of the seal during replacement. The seal vendor was consulted and provided training to 
the mechanics that significantly improved the pump’s reliability. 
 
pH Meter – During normal operation the pH probe would become coated with salts and 
would give a false reading. Proper readings would return once the probe was cleaned. 
Initially, the pH probe was installed through a flanged connection on the top of vessel V-
420. With this configuration employees were exposed to process gases from the scrubber 
whenever the pH probe was removed. To perform this operation safely, the entire HTDS 
and scrubber system had to be shutdown and purged with N2 prior to removing the pH 
probe. In order to improve the ability to clean and calibrate the pH probe, it was relocated 
to the P-425 supply piping up stream of the NaOH addition. Bypass piping was also 
provided to allow the pH probe to be isolated for maintenance, while still maintaining 
flow through P-425. While this did not reduce the amount of fouling, it allowed for safer 
and faster servicing of the probe. Future operations should consider redundant pH 
controllers that would allow maintenance one pH system while operating with the other. 
 
Caustic Supply Pump P-465 – The 25% NaOH solution was supplied from a pre-
existing tank in the Gasification Department located about 300 ft away. While the pump 
was rated for the required head and flow, the installation was not always reliable with the 
pump failing twice and the traced transfer line plugging or freezing several times. The 
installation was not equipped with a flow indicator thus it was difficult to identify the 
cause of a pH control problem as a pump problem or pH meter problem. Future 
operations should consider improvements to the caustic supply system such as flow 
indicators at the discharge of P-465 and at the delivery point to P-425, a local run switch 
at the pump, and/or modifications to the transfer line. 
 
Water Supply – Dilution water was supplied to V-420 through a manually adjusted 
rotameter. Variations in water supply pressure and/or the presence of suspended solids 
would cause the flow to diminish or stop. If this was not detected, salts would build up in 
V-420 and plug the circulation path. Future operations should consider installing 
automatic flow controls and/or low flow alarms. 
 
Level Measurement – vessels V-420 and V-480 were equipped with multi-point 
ultrasonic level switches that were used for control (pump activation) and interlocks (stop 
all liquid feeds, etc.). Both switches failed relatively early in the operation. Attempts to 
repair them were not successful so the controls and interlocks were disabled. Future 
operations should consider replacement of the level switches with continuous level 
transmitters and/or more reliable level switches. 
 

1.8.2 Scrubber Removal and Corrosion to Waste Gas Line 
In addition to the HTDS operations, the Eastman statement of work (SOW) called for 
operation of two other pilot units: 1) Direct Sulfur Recover Process (DSRP), 800 hr; 2) 
Multi-Contaminant (MC) removal, 500 hr. The SOW and project budget called for both 
of these units to be installed on the same concrete pad, thus requiring sequential 
operation. The DSRP unit was installed first and can only be operated while the HTDS is 
operating since the HTDS’s ROG stream is the main feed for the DSRP. Unfortunately, 
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the DSRP operating schedule was delayed several times because of mechanical problems; 
such that by spring 2007, there was insufficient time to complete both the DSRP and MC 
tasks within the remaining subcontract time period. Thus several options were considered 
to allow simultaneous installation and operation of the DSRP and MC units.  
 
The preferred option was to remove the SO2 scrubber and install the MC unit on the 
scrubber’s concrete pad. Thus the scrubber was removed in May 2007 (between 
Experiments 66 and 67). In order to prevent SO2 emissions, the ROG stream was 
combined with the desulfurized syngas from the HTDS absorber and transferred to an 
Eastman boiler (adequately permitted for SO2) via the existing carbon steel waste gas 
line. As the scrubber had been the cause of significant HTDS downtime, removal of the 
scrubber was expected to improve HTDS on-stream time. This was in fact the case with 
an 81% on-stream factor after removing the scrubber versus 61% before.  
 
During Experiment 69, personal monitors of operating staff for the Eastman Gasification 
Department began to detect dangerously high concentrations of CO at ground level 
beneath the pipe bridge that supports the waste gas line from the HTDS and DSRP pilot 
units. This CO was found to be escaping from a hole, about 0.5" x 1.5", just below a 90 
degree elbow (transition from horizontal to vertical) in the carbon steel waste gas line 
between the HTDS and DSRP pilot plants and the main waste gas header for Eastman’s 
Gasification Department. As a result of this discovery, operation of the HTDS and DSRP 
systems were immediately switched from active gases to nitrogen. Investigation of the 
carbon steel waste gas line at all the remaining elbows and several horizontal and vertical 
sections revealed significant thinning of the carbon steel at 3 additional elbows. All four 
high corrosion points involved the transition from a horizontal to vertical section. In the 
worst case, corrosion had reduced the carbon steel thickness from the original 0.216” to 
0.090”.  
 
The corrosion of this waste gas line was caused by the combination of dry SO2 (from the 
ROG stream) and condensed water (present in the desulfurized syngas) to form a highly 
corrosive mixture.  Modeling of the mixed syngas/ROG stream, completed to evaluate 
the decision to remove the scrubber, indicated that condensed water would be present and 
that long term corrosion was a concern. However, it was thought that the remaining ~700 
hr of DSRP operations could be completed without incident. After scrubber removal, a 
total of 589 hours of HTDS operation were completed prior to discovery of the hole in 
the waste gas line. Based on this operating time, the corrosion rate was about 1.8 
inches/yr. This is >1,000 time the anticipated corrosion rate. Further operations in this 
configuration would have resulted in unacceptable risk to the safety and operability of the 
Eastman Gasification Department, thus the HTDS and DSRP operations were suspended 
until an alternate control device was found for the SO2 containing streams from the 
HTDS and DSRP units. 
 

1.8.3 Evaluation of Options to Process the ROG Stream 
Almost immediately, Eastman and RTI began evaluating options for processing the 
HTDS and DSRP tail gases containing SO2. The following four options were identified: 
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1. Process the tail gas streams in the existing Eastman Claus sulfur recover plant by 
combining with the sour vent gas (moist H2S) stream from the gasifier building; 

2. Process the tail gas streams in an existing biofilter for H2S treatment; 
3. Remove the MC unit and reinstall the caustic scrubber in its original location; 
4. Reinstall the caustic scrubber in a new location; 

 
Option 1 was rejected because the moist H2S stream is currently processed in a carbon 
steel heat exchanger, which already suffers from accelerated corrosion from the moist 
H2S stream. Addition of SO2 to this stream would only accelerate the corrosion rate. 
Failure of this heat exchanger would cause significant adverse consequences to 
Eastman’s Gasification Department. Thus, this option was rejected. 
 
Although Option 2 is currently used to effectively process H2S, studies have shown that 
biofilters are also effective at removing SO2. However, the reaction rates in the biofilter 
are much too slow to effectively process the amount of SO2 present in the HTDS and 
DSRP tail gases. Thus, this option was also rejected. 
 
While Option 3 was possible, in order to complete all tasks of the subcontract it would 
have required: 
 

• Removing the MC unit 
• Reinstalling the caustic scrubber  
• Implementing several modifications to improve the reliability of the 

caustic scrubber 
• Operating the HTDS and DSRP for approximately 700 hours  
• Removing the DSRP unit 
• Installing the MC unit in place of the DSRP unit 
• Operating the MC unit for 500 hours  

 
Because this would have resulted in an excessive amount of construction and installation 
time and expense, this option was rejected. 
 
In contrast to the third option, reinstalling the caustic scrubber in a new location, Option 
4, would significantly reduce the time, effort, and cost associated with completing the 
field testing program.  Thus a new site was identified and budget estimates were prepared 
for the installation of the caustic scrubber in a new location and the operational costs to 
complete the field testing program. The estimated installation cost of $240,000 combined 
with the additional operating expenses would have exceeded the available project funding 
by $650,000. In addition, the time necessary to complete this work would have delayed 
completion of the testing until late spring of 2008.  Thus, this option was also rejected. 
 
Since no viable option was found to process the SO2 containing tail gases, no further 
HTDS and DSRP operations were completed. If future operations are required, 
installation of the scrubber in the original location is now viable as operation of the MC 
unit is complete and the unit has been removed. 
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1.9 HTDS CONCLUSIONS 
 
The HTDS pilot plant was successfully operated with coal-derived syngas from Eastman 
Chemicals commercial gasifier for a total of 3,017 hours. The system reproducibly 
produced desulfurized syngas containing 1 to 10 ppmv total sulfur while removing over 
99.9% of the sulfur present in the sour syngas and was equally effective at removing COS 
and H2S.  
 
Sorbent attrition rates averaged ~31 lb/MM lb of circulation, significantly less than 
commercial FCC catalysts (50 to 100 lb / MM lb). 
 
Commercially viable control schemes were demonstrated for startup, shutdown and 
normal operation of the dual transport reactor system.  
 
Parametric studies showed that sorbent sulfur loading, absorber residence time and 
absorber temperature have the greatest effect on the sulfur absorption process while 
absorber pressure has little to no effect on the sulfur absorption reaction.  
 
Sintered metal filter elements constructed of Alloy 59 failed due to sulfidation attach 
after ~1,240 hr of service in the absorber off gas stream. Replacement elements 
constructed of Dynalloy™ D215-160 showed no evidence of corrosive attack after 
~2,000 hr of similar service. 
 
The regeneration reaction was successfully operated using a blend of air and nitrogen. At 
typical reaction conditions, only trace quantities of O2 remained in the off gases. A 
minimum sorbent feed temperature of 850°F was required to sustain the regenerator 
reaction. Lower feed temperature may have been achievable if the sorbent feed rate to the 
regenerator could have been reduced.  
 
The HTDS system averaged 57.4% on-stream factor during operation of the modified 
equipment configuration. Most of the forced outages were the result of the failure of 
support equipment. Chief among these were the SO2 scrubber, sorbent charging valves, 
absorber filter elements, and plugged sorbent J-Legs. None of these are believed to be 
impediments to commercializing the HTDS technology, as viable replacements either 
were demonstrated during the 3,017 hr of operation (i.e. off gas filter elements) or have 
been demonstrated in other commercial scale operations. 
 

1.10 RECOMMENDATIONS FOR FUTURE OPERATIONS 
At this time no further operations are planned for the HTDS pilot unit. Should they be 
required, the following should be considered: 
 

1.10.1 Equipment Modifications 
• The SO2 scrubber (or some other control device) must be installed and the ROG 

stream redirected to the scrubber. The following scrubber modifications should 
also be considered: 
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o Install a second pH probe and controller such that one can be used for 
control while the other is undergoing maintenance. 

o Consult reliability engineers to improve the reliability of the caustic 
supply system (P-465 and piping) and the waste water discharge system 
(P-485 and piping). 

o Add a local start/stop/auto switch for the caustic supply pump P-465. 
o Add local flow indication to the caustic supply line. 
o Install continuous level transmitters on vessels V-420 and V-480 with both 

local and control room readout. 
o Add flow measurement or a low flow switch to the water supply. 
o Add an automated flow control to FI-484, flow to the top of the scrubber 

column. 
o Reevaluate the need to run at > pH 11 as this high pH resulted in a 

decrease in reliability (pH probe, salts plugging). 
o Read all important instruments into the control system. When removed, 

only pH (AI-422), temperature (TI-423), and liquid feed to the column 
(FI-484) were being supplied to the control system. 

o Consider additional winterization requirements to improve reliability. 
 

• Sorbent Charging System  
o Replace sorbent charging valves V-244 and V-245 (discharge of vessel F-

240) with valves designed for pressure reversal. Specifically Everlast dual 
seat valves are recommended.  

o Add a dry N2 sweep to the discharge side of this valve to minimize 
plugging. 

o The discharge of the second valve (V-245) should be flanged to allow 
access to remove any sorbent plugs. Distance between this valve and the 
absorber standpipe should be minimized. 

o Valves V-244 and V-245 should be equipped with actuators with ONLY 
local control from the top deck. 
 

• Filter Lockhoppers, F-290 and F-345 
While the lockhoppers are equipped with local pressure gauges with diaphragm 
seals, the pipe connections would often become plugged with sorbent and the 
gauges were no longer able to read the vessel pressure. In addition, there was no 
way to gauge the quantity of sorbent present in the lockhopper. The following 
changes are recommended for both lockhoppers: 

o Add a pressure tap to the bottom of the vessel equipped with a metered N2 
sweep similar to all other pressure taps.  

o Equip the above pressure tap with a pressure transmitter with local readout 
as well as input to the control system. 

o Add a dP transmitter using the above pressure tap for the high leg and the 
filter pressure tap (FIC230 and FIC330, respectively for the absorber and 
regenerator) as the low leg. This will allow indication of solids level in the 
lockhopper/filter and will also allow for better pressure equalization of the 
lockhopper after it is discharged.
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CHAPTER 2 
HIGH TEMPERATURE DESULFURIZATION 50 MW 
DEMONSTRATION PLANT – PRELIMINARY DESIGN 
 

2.1 Introduction and Design Basis 
Based on the successful operation of the modified HTDS design in the Fall of 2006, Eastman set 
out to develop a preliminary design for a demonstration scale unit. The Tampa Electric Company 
Polk Power Station (TPPS) IGCC plant was used as the design basis since the HTDS technology 
is intended for IGCC power applications. Eastman and RTI are very grateful to Tampa Electric 
Company (TECO) for their assistance in the effort, especially Messrs. John McDaniel and Mark 
Hornick. 
A nominal capacity of 50 MWe, or ~2 MM scfh (dry basis) of syngas, was chosen as the design 
basis as this represented a scale-up factor of ~200X from the HTDS pilot plant and then an 
additional scale-up of ~12X to a commercial design (600 MWe). 
Integration Options 
As 2 MM scfh of syngas represented a significant fraction of the TPPS capacity, the demo plant 
design would have to ensure that the HTDS processed syngas was still fit for use in the TPPS 
facility. After consulting with TECO personnel, two (2) syngas integration options were 
considered as described below and shown in Figure 2-1: 

1. Bypass COS Hydrolysis– syngas for the HTDS demo unit would be supplied from the 
discharge of the COS superheater before entering the COS hydrolysis reactor. 
Desulfurized syngas from the HTDS unit would be returned at the discharge of the COS 
hydrolysis reactor prior to the Clean Gas Preheater. 

2. Bypass Trim Cooler and MDEA Absorber– syngas for the HTDS demo unit would be 
supplied from the second knockout drum in the low temperature (LT) cooling train. 
Desulfurized syngas from the HTDS unit would be returned to the discharge of the Clean 
Gas Preheater. 

Option 2 would have removed syngas flow and sulfur loads from the TPPS MDEA scrubber but 
would have required that the HTDS processed syngas meet or exceed the TPPS quality 
requirements for use in the combustion turbine. Since ammonia (NH3), HCl, and other water 
soluble impurities are removed in the condensate from the LT cooling train and/or the MDEA 
scrubber, bypassing these unit operations would likely result in higher levels impurities in the 
HTDS processed syngas. In Option 1 all the syngas would still be processed by the full LT 
cooling train and the MDEA scrubber, thus it has a higher probability of removing these 
impurities than Option 2 and was viewed as lower risk to the TPPS facility. Additionally, the 
HTDS demo unit and the COS hydrolysis reactor are expected to have similar amount of 
pressure drop. Thus Option 1, COS Reactor bypass, was chosen as the design basis. 



Eastman Chemical Company   
 
 

Hot Syngas Clean Up  Demonstration Plant   ●   2-2 

Option 1 - Dirty 
Syngas to HTDS

Option 1 – Clean 
Syngas Returm

Original Figure 1-17 from TPPS Final 
Report, page 1-50

Option 2 - Clean 
Syngas Return

Option 2 - Dirty 
Syngas to HTDS

 
Figure 2-1 HTDS Integration Options 

Sulfur Removed 1,844      lb/hr 99.8%

Process  Conditions
Temp (F)
Press (psig)
Component lb/hr % lb/hr % lb/hr % lb/hr % lb/hr %
Syngas 115,152      66.7% 115,182          
H2S 1,869          1.1% 1                     6 ppm
COS 165              959 ppm 0                     1 ppm
H2O 47,133        27.3% 48,942            24.0%
N2 8,301          4.8% 39,434        97.7% 8,878      77.2% 39,567            19.4% 17,155    82.3%
O2 -              0.0% 919              2.3% 2,615      22.8% -                  0.0%
SO2 -              0.0% -                  0.0% 3,688      17.7%

Total (wet basi s) 172,622      100.0% 203,692          677.0%
(dry basis) 125,488      40,353        100.0% 11,493    100.0% 154,750          20,843    100.0%

TABLE 2-1 HIGH TEMPERATURE DESULFURIZATION DEMONSTRATION
AT TECO POLK POWER STATION

BATTERY LIMITS MATERIAL BALANCE
MASS BASIS

350
85
35

365
348

714
358

85
0

WGDS FEEDS WGDS PRODUCTS

Raw Syngas Nitrogen AIR Desulfurized Syngas Regen Off Gas

365

Nitrogen

AIR

Raw SYNGAS from 
COS Superheater Desulfurized

SYNGAS

Regen Off Gas

High Temperature
DeSulfurization
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Absorber Regenerator

E-100 E-300

Syngas
Filter

Syngas from 
Superheater

Clean Syngas
To LT Cooling

ROG to
Sulfuric Acid

Fines to Waste

Air

ROG
Filter

Nitrogen
K-100

K-300

Fines to Waste

 
Figure 2-2 HTDS Demo Plant Block Flow Diagram
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Table 2-1 provides a summary of the design basis and Battery Limits Material Balance used for 
the HTDS demonstration plant while Figure 2-2 shows the conceptual Block Flow Diagram. 
Significant differences between this design and the HTDS pilot plant design were as follows: 

• Heat interchange between off gases and feed gases – both the absorber and regenerator 
off gases are used to preheat the inlet dirty syngas and regenerator oxidant via heat 
interchangers E-100 and E-300, respectively. 

• Syngas compressor K-100 is used to offset any pressure losses through the HTDS system 
to allow the clean syngas to flow back into the TPPS process.  

• Compressor K-300 is used to pressurize the oxidant feed (blend of air and dry N2) to the 
regenerator.  

• Compressor K-500 is used to supply dry N2 to aerate the sorbent standpipes and back 
pulse the filters. 

• The absorber design was modified to be one continuous diameter from syngas inlet to the 
discharge to the cyclone. The HTDS pilot plant design used a larger diameter mixing 
zone (D-210) and then transitioned to a smaller diameter riser (D-220). 

The SO2 containing ROG stream would be fed into an existing nozzle on the waste heat boiler of 
the TPPS sulfuric acid plant. The HTDS design must take care not to over pressurize the waste 
heat boiler as it operates at a slight negative pressure. 
 

2.2 Division of Engineering Effort 
The engineering effort to develop the preliminary design and capital estimate was divided 
between Eastman Chemical Company, Day & Zimmerman Engineering & Construction 
Services, and Mustang Tampa, Inc (MTI; note: Mustang Tampa, Inc. has since changed their 
name to PegasusTSI). The preliminary heat and material balance (HMB) and preliminary sizing 
of the transport reactor system components were prepared by Jerry Schlather of Eastman based 
on his experience with the HTDS pilot plant operations. The remaining activities were performed 
as follows: 

• Day & Zimmerman 
o Preliminary Block Flow Diagram (BFD) 
o Preliminary Process Flow Diagrams (PFD) 
o Preliminary Equipment List including sizes and materials of construction 
o Preliminary Area Hazard Classification 
o Preliminary Process Hazard Analysis 

• MTI 
o Equipment cost: Budget quotes were obtained for non-standard items; Standard 

equipment items were estimated from Mustang’s database. 
o Preliminary Equipment layouts. 
o Preliminary structural design. 
o Preliminary routing of all major lines. 
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o Budget estimate (+/- 20%). 
o Preliminary project schedule. 

Day & Zimmerman was selected as they were the standard engineering contractor at Eastman’s 
Kingsport site and they were assigned any task that did not require access to the TPPS site. MTI 
was selected because of their previous experience at TPPS and their proximity to the site. Hence 
they were assigned all tasks that required access to the TPPS site. 
 

2.3 Design of Transport Reactor System 
The transport reactor system was designed based on the operating experience of the HTDS pilot 
unit at Eastman’s commercial gasification facility. The absorber was sized to produce a total 
sulfur concentration of 5 ppmv or less in the desulfurized syngas thus removing over 99.9% of 
the sulfur. The reactor components were designed of refractory lined pipe where the pilot unit 
was constructed of high temperature alloys. The heat balance indicated that the HTDS demo 
plant would not need any supplemental heat input once operating conditions are established. 
Proprietary designs were incorporated that will enable the system to achieve normal operating 
temperatures. 

2.3.1 Absorber Reactor 
The absorber reactor design began by selecting a target residence time of ~7 seconds as the 
HTDS pilot plant studies had shown the reaction to approach equilibrium concentrations at 
~900°F and ~7 seconds. A relatively high target velocity of 11 ft/sec was chosen as this would 
allow for significant turndown of the unit while still maintaining adequate fluidization velocity. 
At these conditions the minimum fluidization velocity is 3 to 4 ft/sec thus the absorber could run 
at about 30% of design rate and still maintain adequate fluidization. Finally the height of the unit 
was set at 80 ft. These three parameters, combined with the actual syngas flow rate, determined 
the inner diameter of the absorber at about 41 inches. Other combinations of residence time, 
velocity and height are also feasible but this seemed a reasonable design for the purposes of 
generating a capital cost estimate. Further evaluation of other reactor designs and their impact on 
the support structure should be completed as part of the detailed design effort. 

2.3.2 Regenerator Reactor 
The regenerator reactor residence time was set to ~10 seconds with a larger diameter reaction 
zone followed by a smaller diameter riser. The regenerator gas feed is a mixture of N2 and air. 
While the air flow rate is determined by the reaction stoichiometry, the N2 flow rate may be 
adjusted in order to control the superficial velocity. Thus, the regenerator can be designed to 
operate closer to the minimum fluidization velocity of ~ 4 ft/sec in the D-410 reaction zone. 
Finally, the overall height was set to 80 ft to match the absorber height. Based on these choices 
the regenerator reaction zone diameter was set to ~18 inches and the riser to ~9 inches. As with 
the absorber, other designs are also feasible and should be considered as part of the detailed 
design effort. 
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Table2-2 Sizing of HTDS Absorber and Regenerator Reaction Zones 

 
Absorber Reaction 

Zone 
Regenerator Reaction 

Zone 
Regenerator 

Riser 
Zone D-210 D-410 D-420 
Temperature, °F 892 1,412 1,300 
Pressure, psig 355 380 365 
Flow, SCFH 3,339,748 177,846 240,720 
Flow, ACFH 364,916 25,201 33,338 
Velocity Target. Ft/sec 11 4 19 
Flow Area, ft2 9 2 0 
ID, in 41 18 9 
Height, ft 80 30 50 
Volume, ft3 737 53 24 
Residence time, sec 7.3 7.5 2.6 
Total Residence Time, sec 7.3 10.1 

 

2.3.3 Standpipe, J-Legs, and Loop Seal 
The next major component to size was the absorber standpipe, D-250. One of the functions of the 
absorber standpipe is to hold the majority of the sorbent inventory of the system. A larger 
diameter will of course hold more sorbent which allows for more flexibility during startup or 
process upsets as the system has more sulfur capacity. With the absorber reactor height set at 80 
ft, the absorber standpipe was then limited to a similar height, thus the standpipe diameter is the 
only variable left to affect sorbent inventory. Larger diameters will of course hold more sorbent 
but will increase the cost of the vessel. For this design an ID of ~76” and OD of 84” (6” 
refractory thickness assumed) were chosen. This provided for ~ 227,000 lb of sorbent inventory 
at a working density of ~90 lb/ft3. At design rates this would allow for 4 to 8 hours of full 
absorption with no regeneration before the sorbent would be fully saturated. 
The regenerator standpipe and loop seal were set to the same diameter of 12” ID. If desired, the 
standpipe diameter could be increased in order to provide additional sorbent inventory and thus 
total sulfur capacity. The J-leg diameters (D-200, and D-400) were set to achieve a sorbent 
velocity of about 1 ft/sec, similar to that of the pilot plant J-Legs. 

2.3.4 Refractory Thickness 
If the outside wall temperature of refractory lined equipment is allowed to cool below the dew 
point of the process gases, condensation may occur on the inside wall of the vessel. If acid gases 
are present significant corrosion can occur to the vessel wall. As carbon steel vessels were 
planned for their lower cost, the design must ensure that the wall temperatures are above the dew 
point of the gas. Engineering calculations were performed to predict the external wall 
temperature as a function of the refractory thickness. Thermax® castable refractory was assumed 
and Refractory thickness was then adjusted until the wall temperature was at least 25°F above 
the dew point (to allow a reasonable safety margin). The results of these calculations are shown 
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in Table 2.3. The refractory thickness of the regenerator sections (D-410, D-420, D-430, D-450, 
and D-460) were set at 12” to minimize heat loses from these sections. 

2.3.5 Off Gas Filters 
Process conditions (flow, temperature, and pressure) were supplied to Pall Corporation which 
then provided preliminary sizing and budget quotes for the off gas filters. The absorber off gas 
filter, F-280, was estimated to require a 48” diameter vessel while the regenerator filter was 
estimated to be 14” in diameter. 

2.3.6 Regenerator Startup System 
The regeneration reaction has an initiation temperature of 1100°F to 1200°F. However, the E-
120 startup heater is only capable of achieving 900°F to 1000°F in the regenerator reaction zone. 
In order to achieve a minimum temperature of 1100°F in the regeneration reaction zone, 
additional heat will be supplied by combusting diesel fuel in a direct fired heater (SP-130) 
located in the regenerator oxidant feed gas  path downstream of heater E-120. Once the 
regeneration reactor temperature reaches ~1100°F the regeneration reaction rate should increase 
and produce enough heat of reaction to allow the flow of diesel fuel to be reduced and ultimately 
stopped. 
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Table 2-3 HTDS Demo Plant Component Sizes 

 
Absorber 

D-210 

Absorber 
Cyclone 

D-230 

Absorber 
Standpipe 

D-250 

Absorber 
J-leg 
D-200 

Sulfided 
J-leg 
D-400 

Regen 
Mix 

Zone 
D-410 

Regen  
Riser 
D-420 

Regen 
Cyclone 

D-430 

Regen 
Standpipe 

D-450 

Regen 
Seal Leg 

D-460 
Design Process Temp. [°F] 1150 1150 1150 1150 1150 1500 1500 1500 1500 1500 
Normal Inlet Temp. [°F] 900 893 891 882 882 1,412 1403 1392 1391 1386 
Design Pressure [psig] 450 450 450 450 450 450 450 450 450 450 
Inner Diameter [inch] 41.1 38.6 76.0 12.0 6.0 17.9 9.5 11.7 12.0 12.0 
Refractory Thickness 
[inch] 5.3 4.0 4.3 3.0 2.8 12.0 12.0 12.0 12.0 12.0 
Outer Diameter [inch] 51.6 46.6 84.5 18.0 11.6 41.9 33.5 35.7 36.0 36.0 
Length [ft] 80 13 67 32.5 13 30 50 3.9 80 25 
Gas Dew Point [°F] 343 343 343 343 343 65 65 65 65 65 
25 °F Safety margin above 
dew point 368 368 368 368 368 90 90 90 90 90 
Wall Temp. [°F] 374 375 668 394 390 238 228 226 236 236 
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2.4 Capital Cost Estimate 
In order to prepare the capital cost estimate MTI identified all process tie-in points, developed 
preliminary plot plans, equipment layouts, structural design, and piping arrangements. The actual 
direct costs were first estimated based on the preliminary design. Indirect costs were then 
factored from the direct cost totals. MTI classifies total installed cost (TIC) estimates based on 
the amount and quality of information available at the time the estimate is developed. This 
estimate is classified as a Budget Estimate with an accuracy of +/-20%. 
Key elements of the estimate basis are included as follows: 

o Process Equipment 
The majority of the process equipment items have been quoted or MTI has used historical 
pricing for the estimate. MTI’s estimating group developed the installation hours for each 
equipment item using MTI’s standard rates which are based on U.S. Gulf Coast rates. 

o Piping 
Piping material quantities were developed using the piping arrangements and plot plans. 
Vendor quotes were received for the transport reactor sections which were treated as 
refractory lined pipe. Historical data was utilized for the remaining items. MTI’s estimating 
group developed the installation hours based on MTI standard estimating rates. 

o Insulation 
Insulation quantities were developed for piping based on the line list, which indicates 
insulation requirements. Process/Mechanical equipment insulation quantities were developed 
by MTI’s Mechanical group. Pricing of insulation is based on historical unit rates. 

o Electrical 
A budget was prepared using historical and list pricing data for electrical equipment and the 
four medium voltage motor control centers (MCC). Quantities were developed for all 
electrical bulks and a 4160V, 3750KVA transformer utilizing equipment location plans, plot 
plans and PFD’s. Historical pricing was used for all bulk materials. MTI’s estimating group 
developed the installation hours based on MTI standard estimating rates. 

o Instrumentation 
Vendor e-mail quotes were received for the DCS/PLC system and associated configuration. 
All other instrumentation systems were estimated based on historical data. All bulk materials 
were priced based on recent project purchases or historical data. MTI’s estimating group 
developed the installation hours based on MTI standard estimating rates. 

o Structural 
Structural steel quantities were developed by MTI’s Civil/Structural group. MTI’s estimating 
group developed the installation hours based on MTI standard installation rates. Material 
pricing is based on recent vendor quotes received from within the region.       
 

o Direct Manual Labor & Allowances 
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The average all-in direct field rate was included at $50 per hour, which includes benefits, 
small tools, consumables and field office expenses. A productivity factor of 1.20 was 
included, and is compared to U.S. Gulf Coast installation rates. 
 

o Engineering and Procurement 
The engineering and procurement budget has been set based on MTI’s 12% of the TIC. 
 

o Training, Commissioning, Startup, and Testing 
A total cost allowance of 5.5% of the total installed cost has been included for these 
activities. 
 

o Escalation 
Escalation was estimated at 8% for one year and excludes major equipment, engineering, 
procurement and construction management. 

 
o Contingency 

An amount of 10% of total project costs, less the total for escalation, was provided to cover 
the cost for unforeseeable, but anticipated capital expenditures (i.e., unusual weather 
conditions, labor problems, increases in material or labor costs not covered by contractual 
provisions, items inadvertently left out of the estimate, delays in deliveries of equipment or 
materials, etc…). The contingency does not cover the costs of additional work associated 
with scope changes proposed after this estimate. 
 

o Estimate Exclusions 
The estimate does not include the following costs: 

• Owners’ costs 
• Preliminary engineering / project costs 
• Permitting 
• Abatement of any contaminated soils or materials 
• Underground interferences 
• Sales tax 
• Contractor’s all risk insurance 
• Cost for usage of electrical power and potable water 
• Emergency Power 

 
The Total Installed Cost (TIC) of the HTDS demo plant is estimated to be $57.8 MM (± 20%) 
and is summarized in Table 2-4. Equipment costs account for 29.0% of the TIC. The majority of 
the equipment costs are due to the 3 compressors. A second round of budget quotes was carried 
out in an attempt to find a lower cost compressor supplier; however, the savings were not 
significant compared to the TIC. The next largest cost item is piping at 15.9% of TIC. This line 
item includes the refractory lined transport reactor sections which some might consider as 
equipment. Instrumentation and structural steel account for 5.1% and 3.8% of TIC, respectively. 
MTI used their in-house experience and delivery schedules supplied with vendor quotes to 
establish a preliminary project schedule shown in Figure 2-3. 
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2.5 Conclusions 
A preliminary design was generated for a nominal 50 MWe HTDS demonstration plant using the 
TPPS as the basis site. The syngas processed by HTDS demo plant was assumed to bypass the 
TPPS COS Hydrolysis reactor and would remove about 1,844 lb/hour of sulfur. The desulfurized 
syngas would be returned to the TPPS Low Temperature (LT) cooling train and would be 
processed through the TPPS MDEA absorber with the rest of the syngas. 
The preliminary design included the preparation of a heat and material balance, block flow 
diagram, process flow diagrams, equipment sizing, plot plant, equipment layouts, structure 
design, and piping arrangements. A budget estimate (± 20%) and preliminary project schedule 
were also prepared. 
While the $57.8 MM TIC was about twice what the team members had initially expected, in the 
end the team felt it was a reasonable estimate of the project’s cost. To make significant cost 
reductions will require making significant reductions is the scale (size) of the demo plant. No 
effort was made to estimate the cost of a smaller plant. 
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Table 2-4 Summary of Capital Cost Estimate 

MUSTANG
Client      : Eastman Chemicals TAMPA, INC.
Project    : Warm Gas Desulfurization Date:   
Location  : Teco Polk Power Station Priced by:    MVP/DWW/MJE

Job No.    : T07041  
EPC Estimate   +/-20%

ACCT DESCRIPTION MANHOURS LABOR MATERIAL SUBS TOTAL % TIC % Equip.

1000 - 2900  PROCESS EQUIPMENT 5,490 $274,500 $15,970,290 $532,150 $16,776,940 29.0% 105.1%

3000  U/G PIPE, SEWERS  (Allowance Only) 1,940 $97,000 $130,000 $227,000 0.4% 1.4%

3200  PIPING 70,782 $3,539,100 $3,618,384 $2,019,000 $9,176,484 15.9% 57.5%

3300  PAINTING $59,024 $59,024 0.1% 0.4%

3400  INSULATION $198,011 $198,011 0.3% 1.2%

3500  ELECTRICAL 5,929 $296,460 $562,420 $858,880 1.5% 5.4%

3600  INSTRUMENTATION 21,349 $1,067,460 $1,668,050 $185,000 $2,920,510 5.1% 18.3%

3700  GENERAL FACILITIES (Fire Proofing/Sprinklers/ Fire Protection) 11,856 $592,800 $494,000 $1,086,800 1.9% 6.8%

4000  SITE PREPARATION 398 $19,920 $19,920 0.0% 0.1%

4100  PILING & SOIL STABILIZATION
4200  CONCRETE 8,600 $430,020 $274,290 $704,310 1.2% 4.4%

4300  STRUCTURAL STEEL 18,816 $940,800 $1,258,550 $2,199,350 3.8% 13.8%

4400  ROOFING & SIDING
4500 -4700  BUILDINGS $50,370 $50,370 0.1% 0.3%

DIRECT FIELD COST 145,161 $7,258,060 $23,975,984 $3,043,555 $34,277,599 59.3% 214.6%

5000 SALES & USE TAX   Excluded
6100 TEMPORARY FACILITIES $396,615 $396,615 0.7% 2.5%

6200-6300 SMALL TOOLS, CONSUMABLE SUPPLIES w/WageRate
6400 CONSTRUCTION EQUIPMENT $1,189,846 $1,189,846 2.1% 7.5%

6500 FIELD OFFICE EXPENSE w/WageRate
7400 NON-PRODUCTIVE, SHOW-UP, PREMIUM TIME $435,484 $435,484 0.8% 2.7%

7500 PRT & I, BENEFITS (Craft) w/WageRate
7600 FIELD SUPERVISION $1,088,709 $1,088,709 1.9% 6.8%

INDIRECT FIELD COST $1,524,193 $1,189,846 $396,615 $3,110,654 5.4% 19.5%

TOTAL FIELD COST 145,161 $8,782,253 $25,165,829 $3,440,170 $37,388,252 64.7% 234.1%

8000 ENGINEERING AND SERVICES - DETAIL DESIGN  $6,954,000 12.0% 43.5%

OWNERS COSTS - PRE-PROJECT / ENGINEERING / TRAVEL / ETC… Excluded
7300 OPERATOR TRAINING $282,000 0.5% 1.8%

7200 PRE-COMMISSIONING/ COMMOSSIONING/ OPERATING & COMMISSIONING SPARES $638,000 1.1% 4.0%

7400 CAPITAL SPARES $168,000 0.3% 1.1%

7100 STARTUP, TESTING, TRAINING AND VENDOR SUPPORT $638,000 1.1% 4.0%

8700 CONSTRUCTION MANAGEMENT $2,318,000 4.0% 14.5%

PROFESSIONAL SERVICES $10,998,000 19.0% 68.9%

7800 BUILDING PERMIT, LICENSES, CONSTRUCTION BONDS By Others 
7810 FREIGHT (Bulks Only) $370,000 0.6% 2.3%

9100 CONTRACTORS FEES ON MATERIALS $953,000 1.65% 6.0%

9800 CONTINGENCY 10.00% $4,971,000 8.61% 31.1%

ESCALATION @ 8% 8.00% $3,076,000 5.33% 19.3%

TOTAL - EPC Estimate   +/-20% $57,756,000 361.6%

07/02/07
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Figure 2-3 HTDS Demo Plant EPC Schedule 
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CHAPTER 3 
DIRECT SULFUR RECOVERY PROCESS (DSRP) FIELD TEST UNIT 

3.1 SUMMARY 
 
The DSRP is a skid mounted, pilot scale unit used to convert SO2 to elemental sulfur by reacting 
the SO2 with a reducing gas over a fixed-bed of a catalyst. The SO2 is a product of the 
regeneration reaction in the High Temperature Desulfurization System (HTDS). A small 
slipstream of syngas is used as a source of reducing gas. After encountering several mechanical 
issues before and during the operation, the DSRP was run for a total of 116.5 hrs on coal derived 
syngas at the Tennessee Operations site of Eastman Chemical Company. During its operation, 
the DSRP averaged 94% total sulfur removal and 99.82% SO2 removal. 

3.2 PROCESS OVERVIEW 
The DSRP was designed to convert SO2 to elemental sulfur by reacting the SO2 with syngas via 
the following reactions: 
 
SO2  +  2H2   S  +  H2O 
SO2  +  CO   S  +  CO2 
 
The DSRP is operated using the regeneration off-gas (ROG) from the high temperature 
desulfurization (HTDS) unit which can contain SO2 in concentration of 2-15%; the remainder is 
typicallyN2. The syngas is fed to the DSRP via a slipstream which bypasses the HTDS 
(originating from vessel 12C-15 in Eastman’s Gasification Department).  Thus there is no need 
to have a clean syngas stream for the DSRP. 
 
Figure 3-1 shows a PFD of the process. Syngas and ROG are fed to the unit at flows such that 
the ratio of reducing gases (H2 + CO) to SO2 is approximately 2. Syngas enters the DSRP at 
about 335°F while ROG enters the unit at a temperature between 260°F and 350°F. Both streams 
are fed to electric pre-heaters (HX 570 and HX 580) where they are heated to about 800°F. 
 
The two streams are then combined and fed to the reactor (R-530). The reactor contains a fixed–
bed proprietary catalyst manufactured by Süd-Chemie, Inc. This catalyst promotes the following 
reactions: 
 
SO2 + 2H2  S + 2H2O 
SO2  +  CO   S  +  CO2 
CO + H2O  CO2 + H2 
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Figure 3-1 DSRP Process Flow Diagram
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The gas exiting R-530 is at about 1000°F and contains sulfur vapors, H2S, H2O, and traces of 
unreacted SO2 (the majority of the gas being N2 and CO2). This stream is sent through two coiled 
heat exchangers with the cooling medium being 300°F tempered oil. The tempered oil is 
circulated using a skid mounted unit manufactured by Heat Exchange and Transfer, Inc. 
 
The sulfur condenses in the heat exchangers and is collected in Vessel V-545. The Vessel V-545 
has to be drained periodically into a metal five gallon bucket. V-545 is maintained at about 
300°F by using electric heat tracing on the outside of the vessel. Tempered oil jackets the drain 
valve and drain piping to keep the sulfur from setting up once it exits the vessel. 
 
The remaining gases (containing entrained sulfur particles and water vapor) exit V-545 and enter 
V-560, a water spray column. The water in V-560 removes residual sulfur particles from the gas. 
It is circulated by pump P-595 and cooled in 2 coiled double pipe heat exchangers, HX-565A 
and B, using cooling water. The column contains two outlet nozzles with demister pads. One 
nozzle acts as an outlet for the gas to exit while the other nozzle is the inlet for a 25% caustic 
solution. The caustic solution is fed to maintain a pH of 7.5 to 8.5 and is also the medium for 
cleaning the demisters. P-645 is the pump which feeds the caustic solution (fed from a 250 
gallon tote) to the process. It runs in an on/off control dictated by pH set points input by 
operations. V-560 contains an overflow line which drains into V-590. V-590 is periodically 
emptied to the Eastman Industrial Sewer (ITS) once a high level is reached in the vessel. 
 
The exit gas leaving the spray column V-560 is passed through two Balston filters and a 
membrane filter. The pressure is then reduced through control valve PCV-564 and the tail gases 
are fed to a separate caustic scrubber before being vented to atmosphere. A 2 slpm gas sample is 
taken from the membrane filter (F-630) to be analyzed for H2S, SO2, and COS using a gas 
chromatograph with a thermal conductivity detector (GC-TCD) and a continuous Ametek UV-
Vis analyzer for H2S and SO2. The sample gases are then vented to the atmosphere. 
 

3.3 INSTALLATION & EQUIPMENT PROBLEMS/MODIFICATIONS 
 
The DSRP was delivered to Eastman Chemical Company’s Kingsport site (TNO) as a skid 
mounted unit designed and constructed by RTI. The unit had already undergone commissioning 
and some testing at RTI’s site using simulated syngas and SO2 feed streams. As such, the unit 
was shipped with the catalyst already loaded into the reactor and the sulfur vessel approximately 
60% full of sulfur. The unit measured 20ft x 6.5ft x 12 ft high. 
 
Fluor construction forces installed the DSRP south of the HTDS and made the required utility 
and syngas supply tie-ins. The DSRP requires approximately 16 gpm of cooling water to operate 
(6 gpm to coiled heat exchangers which cool the spray column circulation water 10 gpm to the 
hot oil skid). The cooling water is supplied via the cooling water header in the gasification 
facility. Additionally, the unit required high pressure nitrogen for use during start up and shut 
down. The high pressure nitrogen is supplied by a unit leased from Air Products. This unit also 
provides the nitrogen for use by the HTDS. Syngas is supplied to the unit via a bypass around the 
HTDS. Ultimately, the syngas originates from a knockout pot in the gasification cooling train. 
The syngas is saturated containing about 15% water vapor. 
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V-545 Sulfur Draining 
Sulfur freezes at ~240°F and polymerizes leading to a fluid too viscous to flow at ~315°F, so it is 
very important to maintain a constant temperature within the draining assembly. During initial 
checkout, nitrogen was flowed through the unit, the heaters were activated, and the DSRP was 
heated in order to melt the sulfur in V-545. The original draining assembly on V-545 consisted 
of a ¾" x ½" tempered oil jacketed RamSeal valve connected to ½" SS tubing running to an 
automated Swagelok® ball valve, continuing to a ½" Swagelok® needle valve (installed for 
pressure reduction when draining) before emptying into a metal 5-gallon bucket. The tubing and 
Swagelok® valves were surrounded by a "heating block" which contained the circulating 
tempered oil. See Figures 3-2 and 3-3 below. 
 

 
 

Figure 3-2 Picture of original sulfur draining assembly 
 

 
 

Figure 3-3 Sketch of original sulfur draining assembly 
 
The procedure for draining the sulfur was to open the manual RamSeal valve and then open the 
actuated block valve from inside the control room. Once enough sulfur was drained, the block 

Heating Block 

Ball Valve 
Actuator 

½” drain 
tubing 
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valve would be closed and then the RamSeal valve closed. The steps were performed in that 
order for the safety of the operators. Sulfur could be successfully drained on the first attempt 
assuming the tubing and ball valve had been cleaned or replaced. However, we were never able 
to drain sulfur a second time without plugging problems. This occurred for two reasons: 1)sulfur 
would set up in the tubing outside of the heating both between the heating block and the vessel 
and in the tubing exiting the heating the block; and 2)due to the air gaps between the top plate 
and the tempered oil heating block and the air gap around the valve actuator , sulfur would also 
freeze in the valve body and would not melt. To remedy this, a new fully jacketed 1" piping 
system (Figures 3-4 and 3-5) was designed, fabricated and installed. 
 
 

 
 

Figure 3-4 New Sulfur Draining Assembly 
 
 
 

Tempered oil 
lines 
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Inlet Connection    Outlet Connection 

 

        
 

Figure 3-5 Drawings of inlet and outlet connections of the new draining assembly. 
 
The RamSeal valve was still used, however, an expander from ½" to 1" was added to the line. 
The remaining line was a 1" pipe with a 2" pipe jacket containing the tempered oil. The valve 
shown is a fully jacketed valve manufactured by Velan. In order to drain the system safely while 
operating, the RamSeal valve was opened ~1 ½ turns before opening the ball valve. With the 
needle valve removed, partially opening the RamSeal valve provided the needed pressure drop 
for safely draining the sulfur. Sulfur was successfully drained on multiple occasions by using this 
assembly. 
 
V-545 Sulfur Level Measurement 
The level in V-545 is measured using a Delta Controls model 173 level transmitter. This Teflon 
coated probe transmits a radio frequency signal to the wall of the tank. According to the 
manufacturer, the different dielectric constants of air and molten sulfur should allow for an 
accurate and repeatable sulfur level measurement; however, this was not the case with this 
installation. When the skid arrived on site, the level probe showed ~60% sulfur level in the 
vessel. This was a calibration point used by RTI, who had physically filled the vessel to 60% 
before shipping. After the initial draining of the vessel, the probe still read 60%. The level 
sensing probe is fed through a 1" nozzle on the top of the vessel. In working with Delta Controls, 
they explained that a sulfur measurement using RF is difficult to do because the dielectric 
constant of molten sulfur is so low and would require an adequate ground reference, which in 
this installation is the vessel wall. Additionally, any sulfur which could collect on the probe 
could alter the measurement. However, Delta Controls felt confident that given the probe 
placement, the model installed is sufficient for an accurate sulfur measurement. Over the course 
of the run, an accurate measurement was never demonstrated. The preferred probe offered by 
Delta would be a probe which had a steam trace down one side and up the other. This would 
provide a good reference source in the steam piping as well as keep the probe heated to minimize 

½” x 1” 
expander 
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the amount of sulfur collecting on the outside of the probe. The downside to this probe is that it 
required a 4" nozzle for installation, which was not available for this vessel and could not be 
installed due to time constraints and space limitations on the top of the vessel. Several different 
level measurement technologies are used successfully in commercial sulfur recovery processes 
throughout the world. Thus, while sulfur level measurement was difficult in this small scale unit 
this will not interfere with the commercialization of the DSRP technology, 
 
HX-580 ROG Preheater 
The ROG Preheater is a custom made emersion heater provided by Chromalox. During the initial 
checkout of the system, the heater operated as expected, having no trouble heating the nitrogen 
flow up to the desired 800°F before feeding the reactor. However, due to operational issues with 
the HTDS, there was a 10 month delay between the initial checkout and a second pre-startup 
check. During that check, it was found that the ROG preheater was no longer heating as 
expected. Electrical inspection revealed that the heating element had failed. Due to the fact that 
this heating element was not a stocked item, one had to be fabricated resulting in a 6 month 
delay. However, after the new heating element was installed, there were no further issues with 
HX-580. 
 
P-595 Spray Condenser Circulation Pump 
P-595 is used to circulate dilute aqueous sodium hydroxide through the spray column (V-560). 
During the trial period, the pump experienced multiple bearing failures that led to the pump 
overheating and tripping the circuit breaker. The pump, model GB-1.5K-4.55 manufactured by 
Chempump, is a canned motor pump which uses the process fluid to lubricate and flush the 
bearings. The process fluid, containing sulfur particles as well as sodium salts, would lodge 
between the bearing and housing wall. This would result in the bearing breaking down, 
eventually stopping the rotor from spinning, thus leading to high amperage draw tripping the 
circuit breaker. Had the DSRP required additional operation, extra bearings were to be purchased 
and available to be replaced. However, a better design would use high pressure (>350 psig) 
filtered water be used to flush and lubricate the bearings. 
 
V-560 pH Control 
As stated in the process overview, the desired pH of the liquid in the spray column is between 
7.5 and 8.5. A pH of greater than 10 can lead to foaming in the spray column and eventually 
plugging the demisters in the outlet nozzles. The pH probe is located in the suction line of P-595. 
Despite the constant flow across the probe, it was still prone to being coated with the sodium 
salts formed in the spray column. Once coated, it would read a constant pH <7, which resulted in 
over feeding the caustic solution. Due to its location, it could not be removed and cleaned 
without shutting the entire system down, depressurizing the system, and draining the water from 
the spray column. Had the DSRP required additional operation, a bypass around the pH probe 
was to be installed so that the probe could be cleaned and calibrated while the unit was running. 

3.4 EXPERIMENTAL TESTING & RESULTS 
 
A series of 7 trial runs were completed during the testing of the DSRP. The start of a "run" was 
considered to be the point at which ROG feed was introduced to the reactor. Per this procedure, 
syngas flow to the unit would be established before ROG flow would be started in order to keep 
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the catalyst in the reduced state. Losing or closing either syngas or ROG flow corresponds to the 
end of the "run." All runs were performed at a pressure between 275 psig and 300 psig. A 
summary of the runs is shown in Table 3-1 below. 
 
Table 3-1 Summary of DSRP Runs 
 

Total Run Time 116.5

Run # Start Run Time 
(hrs)

SO2 
%Removal

Sulfur
Removal

%
Comments/Reason for Shutdown

1 5/14/2007 9:54 1.1 99.9999 90.4% Lost Syngas Flow
2 5/14/2007 11:56 1.4 99.9999 89.4% Lost Syngas Flow

3 5/14/2007 15:24 16.5 99.9998 98.3% DP 400 HTDS not controlling, PIC127 not holding constant back pressure on 
DSRP, and PIC127 not matching up to PT515

4 5/23/2007 8:29 28.6 99.8864 92.0% Plug in the dip tube of the sulfur vessel, lost ROG & Syngas Flow.

5 9/10/2007 13:20 54.8 99.8529 93.7% Plug and high DP from N2 inlet and PT 515 in ROG Line; Sulfur vessel is 
completely empty

6 9/13/2007 9:00 12.8 99.9897 95.7% Lost Syngas Flow--water in syngas feed line prevented flow through PCV-84; 
P595 would not restart either, bearings were busted

7 9/20/2007 16:02 1.2 99.9815 100.0% Lost ROG and Syngas; Demisters plugged, pH not reading correctly  
 
Runs #1, #2, and #5 were runs that were ended due to losing syngas flow. This was believed to 
be caused by the syngas pressure control valve (PCV-84) being “plugged” by condensed water. 
Due to low flow rate (<200 scfh) and high pressure drop across this valve (~600 psi) the valve 
trim was very small (Cv = 0.2). The valve was installed at a low point in the line (for ease of 
access) which unfortunately allowed any condensed water to accumulate and not pass through 
the valve which led to a loss in syngas flow. In order to remove water from the low leg around 
PCV-84, the system was pressurized and then a bleed valve opened to expel any water from the 
system. Normal syngas flow could resume once all the water had been drained from the line. 
After Runs 1 and 2, it became standard practice to drain water from the syngas line before 
starting the run; however,, during the course of a long run, water would build up in the line and 
eventually lead to a loss of syngas flow (see also Run #5). After Run #6, the syngas supply line 
was reworked and PCV-84 was relocated to allow vessel 99-C-100 to function as a knock out 
drum. Unfortunately this modification was never fully tested as HTDS and DSRP operations had 
to be suspended due to corrosion of the waste gas discharge line. 
 
Run #3 was the first of any significant length. As can be seen on the following graphs, there was 
a significant exotherm in the reactor bed once ROG feed was established (corresponding to when 
FIT 614 went to 0 indicating we were no longer feeding N2 to the DSRP and only reactive 
gases). The syngas and ROG flows for this run were 70 and 1275 scfh respectively. The bottom 
temperature in the reactor, TT-526, showed an initial increase, however, did not maintain its 
temperature. The cycling seen in the chart is due to the on/off control of the bottom heater close 
to that thermocouple. The next two temperature measurements, TT-527 and TT-528, showed a 
110°F and 160°F increase in temperature, indicating that the majority of the reaction is taking 
place in the upper portion of the reactor bed, and less in the lower portion. Figure 3-6 shows the 
three temperature measurements during the course of the run. TT-527 and TT-528 showed a 
gradual decline throughout the run, which can be explained by the decrease in SO2 concentration 
in the ROG feed. Correspondingly, the (H2 + CO): SO2 ratio increased, which indicates there was 
a greater amount of reducing gas than was required. Based on the GC data, shown in Figure 3-7, 
it appears that SO2 began to breakthrough to the tail gas approximately 4 hrs into the 16.5 hr run. 
Previous RTI testing indicated that the GC was not as reliable as the UV-VIS analyzer. Run #3 
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had to be stopped because of operational issues with the HTDS. As such, the ROG flow could 
not be controlled at the given set point. 

 
Legend:    R-530 Top Temperature (°F) 

R-530 Middle Temperature (°F) 
R-530 Bottom Temperature (°F) 

 
Figure 3-6 Reactor R-530 Temperatures, Run #3 

 

 
Legend: SO2 Concentration in Tail Gas (ppm by GC) 

H2S Concentration in Tail Gas (ppm by GC) 
 SO2 Concentration in ROG (%) 

H2 + CO: SO2 ratio 

Start of Run 



Eastman Chemical Company   
 
 

Hot Syngas Clean Up  DSRP           3-10 
 

 
Figure 3-7 Tail Gas Composition, Run #3 

 
 
Run #4 was the longest run during the first round of testing conducted in May 2007. A run length 
of 28.6 hrs represented the longest achieved run on the DSRP to date, including lab trials 
conducted by RTI using synthetic ROG and syngas. ROG flow was targeted at 1175 scfh while 
syngas flow was varied between 55 and 75 scfh in an attempt to better control the (H2+CO):SO2 
ratio (which varied from 2.1 to 2.6). During the run, the SO2 content in the ROG dropped from 
2.7% to 1.9%. As was the case in the previous run, a significant exotherm occurred in the top of 
the bed while the bottom of the bed remained cooler. Figure 3-8 shows the analytical data 
collected on the tail gas sample using the Ametek analyzer during the run. The SO2 concentration 
is very low in the tail gas, ranging from 46 ppm to 20 ppm at the end of the run. The SO2 
concentration cannot be a definitive measure of the effectiveness of the catalyst because of the 
pH adjusted spray column. The sharp changes in H2S concentration line up very well with the 
changes in reactor temperature—H2S going up and temperature decreasing rapidly indicate a 
lack of reaction, while the opposite indicates a higher degree of reactivity. The sharp changes 
occur when the SO2 concentration in the ROG changes rapidly. The H2S concentration varied 
from 1000 ppm up to 1600 ppm in the tailgas. During Run #4, a 99.89% SO2 removal was 
observed with an overall sulfur removal of 92%. The overall sulfur removal includes all of the 
sulfur (H2S, COS) coming in with the syngas and exiting with the tail gas in addition to the SO2 
in the ROG stream. Run #4 was stopped due to a plug in the diptube going into V-545. The head 
of the vessel had to be taken off, the dip tube (made of ½" tubing) replaced and the vessel 
reassembled. During this run, pH was controlled between 11 and 12 to ensure a basic solution in 
the spray column. After the run was finished, inspection of the demisters showed a considerable 
amount of buildup. Discussion with RTI indicated that a more desirable pH range is between 7.5 
and 8.5. If the pH exceeds 10, foaming is possible in the spray column. 
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Legend:  SO2 Concentration in Tail Gas (ppm by UV-Vis) 
  H2S Concentration in Tail Gas (ppm by UV-Vis) 
  SO2 Concentration in ROG (%) 
  R-530 Reactor Temperature (°F) 
  
Figure 3-8 Tail Gas Composition & Reactor Temperature, Run #4 
 
 
There were approximately 4 months between Run #4 and Run #5 due to maintenance work on 
the DSRP. It was between these runs that the new sulfur draining assembly was installed. 
Additionally, it was during these 4 months that LI-545 was shipped to be repaired, calibrated, 
and re-installed. However, as noted in the previous section, LI-545 still did not read correctly. 
    
Run #5 marked the longest continuous run achieved on the DSRP—55 hrs. During this run, 
sulfur was successfully drained on two separate occasions with no plugging in the sulfur drain 
piping. As was seen in the previous runs in May 2007, there is a significant exotherm in R-530 
once the reactive feed gases are introduced. This indicates that the catalyst is still very active, 
even after sitting idle for several months. As can be seen in Figure 3-9, there was no significant 
breakthrough in SO2 in the tail gas throughout the course of the run. An overall sulfur removal of 
93.7% was achieved during this test. Additionally, the graph shows that a higher SO2 
concentration in the ROG gas is preferred to further promote the reaction. When the SO2 
concentration increased from ~2.1% to 3.1%, all temperatures in the reactor increased ~70°F. 
During this run, an attempt was made to reduce the amount of H2S breakthrough by running a 
lower (H2 + CO) to SO2 ratio, targeting approximately 1.8. However, as can be seen in Figure 3-
10, the H2S breakthrough was still 1000-2000 ppm in the tail gas. 
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Legend:    R-530 Top Temperature (°F) 
  R-530 Middle Temperature (°F) 
  R-530 Bottom Temperature (°F) 

SO2 Concentration in ROG (%) 
 
Figure 3-9 Reactor Temperatures & Inlet SO2 Concentration, Run #5 
 

 
Legend:  SO2 Concentration in Tail Gas (ppm by UV-Vis) 
  H2S Concentration in Tail Gas (ppm by UV-Vis) 
  H2 + CO: SO2 ratio 
  
Figure 3-10 Tail Gas Compositions & H2+CO: SO2 ratio, Run #5 

Analyzer Drift Analyzer Zeroed 
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Run #6 was only a 12 hour run, and like other runs on the DSRP, was stopped due to issues with 
the supply of syngas resulting from water gathering around PCV-84. Additionally, during this 
run, P-595 bearings failed and the pump would not restart. P-595 is the pump that circulates 
water to the spray column and must be running in order to operate the DSRP. This run exhibited 
a good exotherm at the beginning of the run. However, as seen in Figure 3-11, syngas flow 
became unstable towards the end of the run, the temperatures in the reactor began to decrease, 
indicating less reaction taking place. Figure 3-12 shows the oscillation of the H2S readings 
corresponds to the pH of the water in the spray column. Before the run had to be stopped, a total 
of 99.98% of the SO2 was removed and an overall sulfur removal of 95.7% was achieved. 
 
 

 
Legend: Syngas Flow (scfh) 
  R-530 Middle Temperature (°F) 
  R-530 Top Temperature (°F) 
 
Figure 3-11 Reactor Temperatures & Syngas Flow Rate, Run #6 
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~10 minutes 

 
Legend: pH of spray column circulation water 
  H2S Concentration in Tail Gas (ppm by UV-Vis) 
 
Figure 3-12 Effect of pH on Tail Gas H2S Concentration, Run #6 
 
Run #7 was a very short run, only 1.2 hrs. This run demonstrated the importance of controlling 
the pH in the spray column. During the run, the pH probe "crusted over" and the pH became 
unresponsive to the addition of caustic. As a result, the caustic pump continued to run and try to 
increase the pH. The resulting effect was to increase the pH of the spray condenser water to ~13, 
creating a foaming mixture in the spray column. This led to entrainment which eventually 
plugged the demisters and allowed no more flow through the unit. 
 
While preparing to begin what would have been Run #8 a leak developed in the waste gas line 
that carried all of the tail gas streams for disposal. This required both the HTDS and DSRP units 
to cease operation until the caustic scrubber (or some other control device) is installed to remove 
SO2 from the tail gases. 
 

3.5 CONCLUSIONS AND RECOMMENDATIONS 
 
The DSRP was run for a total of 116.5 hrs over the course of a 5 month period (May 2007 
through September 2007). Since the installation, the DSRP catalyst showed excellent reactivity 
in every trial despite 1) being installed in a reduced state and sitting idle for several years before 
the first trial at Eastman; 2) enduring multiple temperature fluctuations both during a trial period 
and cooling the catalyst bed back down in between trial periods; 3) being unintentionally 
immersed in water during winter months. The DSRP catalyst appears to be a very robust catalyst. 
The DSRP averaged 94% total sulfur removal and 99.82% SO2 removal. 
 
To effectively determine the reactivity of the catalyst, it would be preferred to have a sample 
point just downstream of the reactor. However, due to sulfur particles and temperature of the 
stream, it is very difficult to have an online analytical technique. Taking the sample after the 
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spray column can skew results because the caustic will scrub out SO2 and H2S. However, in 
future tests, one could sample and analyze the spray column water for total sulfur to determine 
an approximate amount of unconverted sulfur. 
 
 
Additionally, relocating PCV-84 to a high point in the system should increase the reliability of 
the DSRP. The initial installation had PCV-84 at a low point in the syngas line where condensed 
water would collect. After Run #6, the valve was relocated to a higher point just downstream of 
Vessel 99-C-100. This Vessel 99-C-100 would act as a knockout pot to remove any of the water 
and lead to a more reliable syngas flow. A long term trial with the valve in this position was 
never run due budget issues and corrosion of the waste gas header (as noted above). 
 
Any future tests and trials to be run on this system should include 1) operation at different 
pressures; 2) a detailed test around the syngas to SO2 ratio; 3) operating the reactor at various 
temperatures to determine if there are any yield effects associated with operating temperature or 
temperature setting; 4) post -test characterization of the catalyst to look for any metals adsorbed 
to the catalyst and to determine mechanical strength. 
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CHAPTER 4 
TRACE CONTAMINANT REMOVAL FROM COAL-DERIVED SYNGAS 
VIA FIXED BED SORBENTS 

4.1 Introduction: 
 
Coal-derived syngas contains many chemicals that require removal for various reasons including 
catalyst poisoning and environmental regulations.  As part of the warm syngas cleanup 
development project with RTI, a pilot plant skid was installed and operated to test the ability of a 
series of sorbents to remove ammonia, mercury, and arsenic. This skid used a slipstream of 
syngas from Eastman’s commercial coal gasification facility. The adsorption of the contaminants 
was performed at about 200°C and this skid was operated for about 500 hours in February 2008.     
This multicontaminant control system provides a platform to test syngas cleaning technologies 
that operate at temperatures ≥ 200ºC, with a commercial coal-derived syngas. These technologies 
include: 

• A regenerable fixed-bed of acidic adsorbent for NH3 removal  
• A disposable fixed-bed sorbent for As removal 
• A disposable fixed-bed sorbent for Hg removal 

 
In addition to testing these syngas cleaning technologies, this system included an exposure 
chamber for a lithium silicate-based sorbent for high temperature removal of CO2 from syngas. 
The objective of this exposure testing was to evaluate accumulation of NH3, Hg, and As on the 
sorbent.  

A simplified block flow diagram of the pilot skid is shown in Figure 4-1. This system was 
designed to remove >90% of the arsenic, ammonia, sulfur, and mercury from about 500 scfh of 
coal-derived syngas at 970 psig and 200ºC for a period of about 500 hours. The main 
components of this system included the following: 

• An exposure vessel for Li4SiO4 testing (V-100); 
• An arsenic trap (V-200); 
• A bulk sulfur trap (V-30x); 
• An NH3 trap (V-40x); 
• A polishing sulfur trap (V-501); 
• A Hg trap (V-502); 
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Figure 4- 3:  Process Flow Diagram 
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The main active component in each of these sections is a fixed-bed of sorbent material.  The final 
syngas product from this skid is depressurized and fed into the waste gas header. 
 
The sorbent exposure vessel, As trap, polishing sulfur trap, and Hg trap each consist of a single 
fixed-bed reactor of sorbent. The AsH3 and Hg traps were designed to hold sufficient sorbent to 
remove >90% of the target species from the syngas for a period of 500 hours of exposure at a 
nominal flow rate of 500 scfh based on estimated concentrations from published results of 
contaminant testing at Eastman.  The sulfur polishing trap was designed to reduce a syngas feed 
containing 1,000 ppmv of H2S to ppb concentrations for 500 hours and a syngas flow of 500 scfh 
with a commercial ZnO-based desulfurization sorbent.   

The bulk sulfur trap (vessels V-30x) consists of four reactors also filled with a commercial ZnO-
based desulfurization sorbent. At any specific time, only one bulk sulfur trap reactor is in active 
service.  Each of these bulk sulfur traps is anticipated to reduce the sulfur in the raw syngas from 
10,000 ppmv to approximately 200 ppmv for approximately 125 hours. As the sorbent is 
consumed, the effluent H2S concentration will increase. When the sulfur effluent from the active 
bulk sulfur trap reaches 1,000 ppmv, the active sulfur trap is shut off and a new sulfur trap is 
brought online. With the cumulative capacity of the four bulk sulfur traps, a desulfurized syngas 
with <1,000 ppmv can be produced for 500 hours. 

Because the sorbent used for NH3 removal is regenerable, a three reactor system (vessels V-40x) 
is necessary to provide continuous NH3 removal.  At any specific time, one reactor is actively 
removing NH3 from syngas, one reactor is being regenerated and one is being cooled in 
anticipation of being brought back online. These reactors have been sized to complete a full 
cycle of operation (adsorption, regeneration and cool down) over a 24 hour period. During 
adsorption, the sorbent is expected to reduce the effluent NH3 concentration to < 10 ppmv.  

After saturation, the NH3 sorbent is regenerated by inert purge during a temperature swing. 
Using an electric gas heater, nitrogen is heated to regenerate the saturated sorbent. The 
regeneration effluent is cooled with a water-cooled heat exchanger and vented to the waste gas 
header.  After regeneration, the reactor is allowed to cool under natural convection. 

Five gas samples are collected from the skid for analysis of ammonia and sulfur. The samples for 
ammonia analysis included: 

1)   A raw syngas collected upstream of V-200.   

2)  Feed concentration at the inlet to the ADSORBING NH3 vessel, V-40x.   

3) The effluent from the ADSORBING NH3 vessel, V-40x.  

4) The effluent from the REGENERATING NH3 vessel, V-40x.   
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Because ammonia is extremely soluble in aqueous water, these sample lines were heat traced to 
maintain the gas at 150 to 200 °C to prevent water condensation. Online ammonia measurements 
were to be made with an FTIR analyzer with a heated cell.  A heated, multiport switching valve 
was programmed to periodically introduce each of the four gas samples into the FTIR analyzer.  
The sample period could be adjusted. Each gas sample was normally sampled for 10 to 20 
minutes before switching to the next sample point. The concentration of ammonia in these 
streams was intended to provide critical information for operating the NH3 trap system. As the 
effluent from the ADSORBING NH3 vessel increased, a concentration of 30 ppmv of NH3 would 
be the signal to bring a new ADSORBING vessel online and switch the current ADSORBING 
NH3 vessel to regeneration.. Likewise, as the effluent ammonia concentration from the 
REGENERATING NH3 vessel decreased, a NH3 concentration of 1 ppmv was the signal to 
switch the current RGENERATING NH3 vessel into cool down mode.   

Because the inlet gas sample for the ADSORBING NH3 vessel, V-40x,  is also the effluent from 
the bulk H2S removal vessel, V-30x, the H2S concentration in this stream was also measured and 
used to monitor sulfur breakthrough in the bulk sulfur removal vessel. A small slipstream of this 
gas sample was cooled to dry the gas sample by steam condensation and removal. This 
conditioned stream was feed to an online GC to monitor the H2S concentration of this stream. 
This information was used to monitor sulfur breakthrough in the bulk sulfur trap. When the H2S 
concentration reached 1,000 ppmv, a new bulk sulfur trap vessel was brought online and the old 
bulk sulfur trap was taken offline.   

4.2 Installation and Modifications: 
The installation of the skid was completed in January of 2008.  After performing relief 
calculations, Eastman decided to upgrade the pressure relief system to improve safe operation 
and reliability of this system. To accomplish this improvement, Eastman used ¾” tubing for the 
PSV supply and 1” screwed pipe for the PSV discharge. The discharges from all the PSVs were 
collected in a 2” header that was then fed into the 3” waste gas line. 
To supplement the data collected from the 117 hours of DSRP operation, a small exposure 
system for DSRP catalyst was mounted on the multicontaminant skid. This small exposure 
system used a small slipstream of syngas from the syngas header feeding the skid.  The effluent 
from the system was vented to the waste gas header A process flow diagram of the installed 
equipment can be seen in Figure 4-2.  To permit installation of this small exposure system in 
time for the scheduled testing of the multicontaminant skid, this exposure system was extremely 
primitive without any heating system or automated flow control. Under these constraints, the 
DSRP catalyst was to be exposed to coal-derived syngas at between 150 and 200ºC syngas for 
500 hours.  



Eastman Chemical Company   
 
 

Hot Syngas Clean Up  Multi-Contaminant       ●    4-5 
 

V-720
Water Collection

V-700
DSRP Catalyst

V-710
Silicon Carbide

V-730
Water Collection

Syngas 

To Vent Header

HV-701

HV-702

HV-705PCV-704

HV-703
To ITS

707

DSRP Catalyst 
Exposure Equipment

PI

 
Figure 4- 4:  DSRP Catalyst Exposure Equipment 

 
The FTIR analyzer failed after about 7.5 hours of operation. The primary cause of this failure 
was attributed to water damage. Because FTIR has been used reliably in gas streams with steam, 
this water damage was believed to be associated with condensed water. Improvements to the heat 
tracing of the gas sample line were made to avoid introducing condensed water into the FTIR 
analyzer and the FTIR analyzer was repaired. The second attempt to use the FTIR analyzer also 
resulted in FTIR failure. 
 
Without any ammonia concentration information, adequate information was not available to 
identify vessel specific switching points for the different ammonia vessels. In the absence of this 
information, the ammonia vessels were rotated on an eight hour basis. The eight hour period was 
based on the design specifications used for the ammonia trap section. 
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The failure of the FTIR analyzer to provide ammonia concentrations, an alternative ammonia 
collection and measurement procedure was implemented on 2/22/08. Ammonia in the process 
gas sample was collected in deionized water using an impinger for a period of 20 minutes and a 
process gas flow of about 1 SLPM. The volume of the solution was brought up to 100 ml. Using 
an ion selective electrode, the electrode potential was measured while the pH of the solution was 
increased to >11 with the addition of 2 ml of an ionic strength adjusting solution. Based on a 
calibration curve developed with standard ammonia solution samples, the measured electrode 
potential for a sample could be used to calculate the gas phase ammonia concentration in the 
process gas.  
During operation the thermowell on vessel V-400 developed a leak and was repaired; however, 
the repair disabled the top and bottom temperature measurements.  The middle temperature still 
remained and was used to monitor the internal vessel temperature.   

4.3 Results and Discussion 
Syngas was started to the multicontaminant skid and DSRP catalyst exposure system  at 8:00 PM 
on January 31, 2008.  Several times during the 525 hours, syngas was removed from the unit.  
Table 4-1 lists the start and stop times for syngas flow along with the reason behind the outage.   
 

Table 4-1:  Syngas Flow to the Multi-Contaminant and DSRP Catalyst Exposure Systems 
Start 
Time 

Stop Time Cumulative 
Hours 

Reason for Outage    

1/31/2008 
20:00 

2/6/2008 
15:00 139 Problems with the GC samples 

   

2/6/2008 
21:00 

2/11/2008 
8:00 246 

Installation of new equipment for the Membrane 
Pilot Plant 

   

2/13/2008 
17:00 

2/19/2008 
15:40 389 PLC CPU issues 

   

2/19/2008 
18:10 

2/21/2008 
10:00 428 Gasification problems 

   

2/22/2008 
13:50 

2/25/2008 
11:45 498 Gasification problems 

   

2/26/2008 
1:50 

2/27/2008 
4:30 525 End of run 

   

 
The first syngas interruption was caused by some calibration issues with the GC system that 
measured H2S concentration after the 30x series vessels.  The second outage was scheduled due 
to new equipment that the acid-gas removal membrane pilot plant required.  Because the Multi-
Contaminant System, DRSP catalyst exposure System, and membrane pilot plant shared 
equipment and required the same amount of operating hours, all these systems were shut down to 
make these repairs..  The next outage was the result of bad memory chip in the PLC module.  
The chip was replaced and operation resumed.  The final two interruptions were caused by 
problems with the syngas supply from the Eastman Gasification department.   
The multicontaminant skid was disconnected at the end of the run for shipment back to RTI for 
sorbent analyses.  .   
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4.3.1 Sulfur Removal 
The H2S data collected from the online GC can be seen in Figure 4-3. 
 

 
Figure 4- 5:  H2S Concentration After Series 30x Vessels (ZnO sorbent) 

The signal to switch between the bulk sulfur trap 30x series vessels was the presence of at least 
0.1% H2S after the sulfur adsorption beds. However due to calibration problems with the GC, the 
switching sequence for V-301, V-302, and V-303 was not as planned. Faulty information from 
the GC was used to prematurely switch these vessels. After the GC was recalibrated, these 
vessels were used to their full capacity.  Table 4-2 lists the total amount of time each vessel was 
exposed to syngas.   

 
Table 4-2:  Total Syngas Exposure Time 

Vessel Hours 
301 102 
302 130 
303 98 
304 117 

 
It should be noted that 30x series vessels in the bulk sulfur trap did not last as long as anticipated. 
In consultation with RTI, all four 300x series vessels were opened to reduce the sulfur 
concentration in the raw syngas (about 7,000 ppmv) as much as possible. The polishing sulfur 
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trap would be required to remove the remaining sulfur for the final 79 hours maintaining the inlet 
sulfur concentration to the mercury trap as low as possible.     

4.3.2 Ammonia Removal 
Figure 4-4 shows the NH3 data from the FTIR analyzer for the initial 7.5 hours of operation of 
the 500 hr test. Figure 4-5 shows an expanded view of FTIR analyzer data from each of the 4 gas 
samples for the first 4 sampling periods. The green line indicates which gas sample is being 
analyzed while the blue line is the NH3 concentration. After 7 cycles (~7.5 hr), the NH3 reading 
“flatlined” indicating failure of the FTIR analyzer..  
 

 
Figure 4- 6 NH3 Concentration via FTIR Analysis 

Several observations can be made from the data shown in Figures 4-4 and 4-5: 
• The average NH3 concentration in the raw syngas (feed to vessel V-200), Sample Point 1, 

is about 440 ppm and is relatively constant; 
• The average NH3 concentration in the inlet to the ADSORBING NH3 vessel, Sample 

Point 2, is about 500 ppm and is much noisier than the sample 1 data. The ammonia 
concentrations at Sample Points 1 and 2 should be similar with Sample Point 2 being 
equal or slightly less than Sample Point 1.; 

• The ammonia concentration in the effluent gas from the ADSORBING NH3 vessel , 
Sample Point 3,  starts relatively high at about 1,000 ppm but decays to about 6 to 20 
ppmv. No explanation is available for why this point spikes higher than the other points 
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at the start of its analysis but the decay would be explained by the purging of the sample 
line by the new sample. The “steady-state” value of 6 to 20 ppmv is somewhat higher 
than expected but does suggest that the bulk (>90%) of the ammonia was being removed; 

• Sample point 4 should have contained only clean N2 at this point since this was the first 8 
hours of the test and the “regenerating” vessel had not yet had any NH3 exposure. The 
non-zero data could be explained by either leakage across the ports of the selector valve 
and/or zero offset of the FTIR; 

 
Figure 4-5 NH3 Concentration via FTIR Analysis Cycles 1 to 4 

 
After the potential to obtain any meaningful data from the FTIR was established, the new NH3 
collection and measurement procedure was implemented on 2/22/08. The data collected with this 
new procedure are presented in Figure 4-6. 
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Figure 4-6:  Ammonia Concentration Data 

Analysis of the ammonia data proved inconclusive as the outlet was often higher than the inlet. 
Also the concentration in the outlet did not exhibit the expected trend.  The concentration over 
the eight hour cycle would bounce around instead of increase.  The same was true for the 
regenerated stream; the concentration would vary instead of consistently decreasing.   

4.4 Conclusions and Recommendations 
Overall the multicontaminant skid testing went very well with only a few minor problems.   
The H2S sorbent beds did not perform as well as expected and only met the < 0.1% H2S target 
for 445 hours. The overall average sulfur content of the inlet syngas was 0.68 vol% which was 
lower than assumed for the design (1.0 %). Thus, future designs should assume lower sorbent 
sulfur capacity than was used for this experiment. 
There were also problems with the analytical systems which for future testing should be revised.  
The FTIR ammonia analyzer proved unreliable as moisture in the sample degraded the optical 
windows of the instrument in <8 hr.  The wet chemistry method used to measure ammonia also 
needs improvement to provide more reliable data.  Based on the limited amount of data from the 
FTIR analyzer, the NH3 sorbent was able to reduce the NH3 concentration from 440 to 500 ppmv 
to 6 to 20 ppmv thus removing 95% to 99% of the NH3 present in the feed syngas. However, this 
is for the initial 4 hours of exposure and no reliable data are available beyond the first ~8 hr of 
use. While the initial results are encouraging, no conclusions can be reached about the long term 
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effectiveness of the NH3 sorbent.  Future testing should incorporate a more reliable NH3 
measurement.   
Conclusions on the effectiveness and commercial viability of the arsenic and mercury adsorption 
vessels and contaminant accumulation for the lithium silicate and DSRP catalyst are pending 
analytical results from sorbent analysis at RTI..   
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CHAPTER 5 
ACID GAS REMOVAL FROM COAL DERIVED SYNGAS VIA 
MEMBRANE SEPARATION 

5.1 Introduction: 
An acid gas, CO2 and H2S, separation pilot plant using membrane technology was operated for 
500 hours in February 2008.  During this trial, coal derived syngas from Eastman Chemical 
Company’s Kingsport, TN coal gasification facility was supplied to the Research Triangle 
Institute (RTI) pilot plant.  Two membranes, Modules #4286 and #3920, were arranged in series 
to selectively remove the CO2 and H2S from the syngas.  During this trial a newly developed 
membrane, Module #4018, was also tested.  Monitoring of the gas compositions was achieved 
via an online gas chromatograph at several different points in the process.  The maximum 
performance achieved during this trial was the removal of 67.2% of the CO2 along with 94.4% of 
the H2S from the incoming syngas while minimizing permeation of CO and H2.   A design of 
experiments was also conducted to test the impact of the syngas flow and the differential 
pressure between the high-pressure feed/residue side and lower-pressure permeate side on the 
gas separation performance.  The results of this design indicated that better acid gas separation 
performance was obtained at higher flow and larger pressure difference. 
At the heart of this membrane-based gas separation technology is a membrane, which acts as a 
semipermeable interface between two fluid phases. A pressure difference imposed across the 
membrane provides the driving force for components in a feed gas mixture to permeate (i.e., pass 
through) the membrane. The nature of the membrane determines the relative rates at which 
different chemical species permeate the membrane and establish the potential for fluid mixture 
separation.  As shown in Figure 5-1, the membrane splits the high-pressure feed into two 
streams:  a lower-pressure permeate enriched in the preferentially permeated species and 
a residue depleted of these species.  Membrane performance is determined by the selectivity, a 
measure of separation ability, and gas flow thorough the membrane. 
 

Feed

Permeate

Residue
Membrane

 
 

Figure 5-1:  Schematic of Gas Separation Membrane Process. 
 
In general, commercial membrane systems separate gas species on the basis of molecular size. 
Thus, commercial membrane system allows the smaller chemical species to permeate the 
membrane. For syngas, this means the hydrogen permeates across the membrane producing a 
low-pressure, H2-rich permeate stream and a high-pressure residue stream containing the 
remaining species. In most cases, this is not particularly desirable as it separates the chemically 
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valuable species, CO and H2, in the syngas from each other and produces a low-pressure, H2-rich 
product that may require compression to use in downstream processes. 
The membranes used in RTI’s CO2 membrane system do not separate gases by relative size but 
rather by the relative chemical affinity (solubility) of the gas species in the membrane material. 
The membranes used in RTI’s CO2 membrane system have a significant affinity for polar and 
acid gases. As a consequence, the polar and acid gas components (H2S, COS, CO2, and H2O) in 
syngas permeate through the membrane faster than H2 and CO. This generates a high-pressure 
residue stream containing primarily H2 and CO and a low-pressure permeate stream enriched in 
the acid gases, as shown in Figure 5-2. 
 

(Primarily H2, CO)Membrane
Syngas

Permeate

Residue

(Primarily CO2, COS, H2S, H2O)
 

Figure 5-2:  Schematic of RTI’s reverse-selective membrane process for Acid Gas Separation. 

5.2 Installation and Modifications: 
The membrane separation pilot plant was built by RTI and shipped to Kingsport for installation.  
The installation made use of existing equipment and utilities from the previously operated High 
Temperature Desulfurization (HTDS) pilot plant, including the analytical shelter along with tie-
ins for the syngas, high-pressure nitrogen, and disposal of tail gases.  Syngas was fed from the 
12-C-15 knockout pot in the Eastman gasification facility to vessel 99-C-100, the HTDS guard 
drum.  The 99-C-100 vessel was only used as a knockout pot for water as the syngas supply to 
the membrane pilot plant was removed from the head space of vessel 99-C-100 and did not pass 
through the sorbent in the guard drum.  In order to ensure a representative syngas supply, an 
additional 2,500 scfh of syngas was passed through the 99-C-100 vessel, through the HTDS unit, 
and into the waste gas header. The HTDS unit did not contain any sorbent and was maintained at 
500 psig and 500 °F to prevent water condensation. From the guard drum, the syngas was 
transferred to the membrane pilot plant through an electrically traced and insulated line. 
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Figure 5-3: Membrane Pilot Plant Process Flow Diagram. 
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A simplified process flow diagram of the membrane pilot plant is shown in Figure 5-3. The 
incoming syngas was cooled to approximately 20°C, and water was removed via sand bed filter 
and knockout pots.  The dewatered syngas was then heated to about 25°C prior to entering the 
first membrane module M200.  Feed gas flow to M200 was controlled by one of two control 
valves and measured with a Micro Motion flow meter, FIC-110 (FI-320, FI-620, and FI-650 are 
also Micro Motion flow meters).  The residue (syngas that did not permeate the membrane) 
passed through a flow meter before entering the second membrane module M400.  The residue 
from M400 passed through a pressure control valve before exiting to the waste gas header. The 
permeate flow from M200 was measured before it was combined with the permeate flow from 
M400.  This combined permeate flow was then measured before it exited to the waste gas header 
through a backpressure control regulator used to control the permeate pressure. 
Samples were collected from the M200 feed, M400 feed, M400 residue, M200 permeate, and the 
M400 permeate, as shown in Figure 5-3.  All of the samples went to a common online GC that 
used helium carrier gas, multiple molecular-sieve packed columns, and a thermal conductivity 
detector.  Sample flow to the GC was controlled via individual pressure regulators, and a Valco 
multiport switching valve was used to select among the different sample flows to the GC, as 
shown in Figure 5-4. 

 
Figure 5-4:  Sample System Flow Diagram. 

 
The sample flow rate to the GC had a significant impact on the data quality.  Several times 
during the 500-h trial, issues arose with the GC sample flow rate, resulting in inaccurate stream 
composition data collected during these time periods. Once the sample flow was returned to 
target, the quality of the GC data improved. 
During the trial, two significant modifications were made to the pilot plant.  After 246 hours, a 
new membrane Module (#4018) was installed in M200, replacing Module #4286.  Module #4018 
was prepared from a newer-generation membrane.  While this module was being installed, the 
sand bed filter after the syngas cooler was also replaced.  This filter was replaced due to 
increasing pressure drop that prevented operation of the membrane modules at the target pressure 
(>800 psig).  The new filter contained denstone of a larger particle size, which significantly 
reduced the pressure drop across the filter and allowed the membrane modules to operate at up to 
950 psig. 
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Syngas was started to the membrane pilot plant at 20:15 on January 31, 2008.  Several times 
during the 500-h test run, syngas to the membrane test unit was stopped.  Table 5-1 lists the start 
and stop times for syngas flow along with the reason behind the outage. 
 

Table 5-1:  Syngas Flow to the Membrane Pilot Plant 
Start Time Stop Time Cumulative 

Hours 
Reason for Outage   Data 

Set 
 

1/31/2008 
20:00 

2/6/2008 
15:00 

139 Problems with the GC samples   1  

2/6/2008 
21:00 

2/11/2008 
8:00 

246 Installation of the new membrane and sand 
bed filter 

  2  

2/14/2008 
21:10 

2/15/2008 
10:10 

259 Excessive sand bed pressure drop     

2/15/2008 
13:40 

2/21/2008 
10:00 

399 Gasification problems   3  

2/22/2008 
13:50 

2/25/2008 
11:45 

469 Gasification problems   4  

2/26/2008 
1:50 

2/27/2008 
8:45 

500 End of run   4  

 
The outage for the membrane and sand bed replacement took longer than expected due to a 
couple of different issues.  First, the pilot plant was taken down earlier than anticipated due to 
freezing of the water knockout lines.  Since water could build up and overflow the pots into the 
syngas feed to the membrane modules, the decision was made to take the system about 12 hours 
earlier than anticipated.  After installation of the new equipment, one of the syngas isolation 
valves failed at the valve stem.  As this valve was not critical to operation, the valve was 
removed and replaced with a spool piece.  With the valve replaced, syngas flow was resumed, 
but excessive pressure drop around the new sand bed led to a subsequent system shutdown.  It 
was believed that the frit used to hold the denstone bed in the filter was plugging.  The original 
sand bed filter, which was a mixture of sand and denstone, was reinstalled, and syngas was 
resumed on 2/14/08 at 21:10.  On 2/15/08, the system was taken down once again to install a 
new support that was not as restrictive as the original frit inside the filter bed.  With the modified 
support, the new sand bed with just denstone worked extremely well with very little pressure 
drop. 

5.3 Results and Discussion: 
The GC was calibrated such that the component peak integrations summed to 100% at the target 
sample flow of approximately 30 cc/min. However, the composition values reported by the GC 
were not normalized. Variation in the sample flow caused significant changes in the reported 
compositions as the values no longer summed to 100%.  In order to allow for direct comparison 
between the samples, the results were normalized to 100% during the data analysis.  GC results 
that did not produce a total peak area of at least 40% were excluded from the report to reduce the 
impact of errors.  Sample flows were periodically reset to target to bring the peak area total back 
to 100%.  Also some GC sample injections did not detect all of the components, and those results 
were also removed. 
Figure 5-5 shows that overall the GC data proved to be very reliable when the sample feed rate 
was maintained at target, as anticipated. 
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Figure 5-5:  Syngas Feed to M200 (the H2S data is on a secondary axis) 

 
 

The gaps in the data represent the syngas outages outlined in Table 5-1.  The gap between 
2/7/2008 and 2/12/2008 represents a time period when the flow to the GC malfunctioned and 
results were not obtained. 
The consistency in the feed composition measurements during the 500-h trial increased the 
confidence in the analysis of the downstream samples and allowed for comparison throughout 
the experiment.  The GC data corresponded very closely to the syngas composition provided by 
the Eastman gasification facility.  There was some inconsistency in the H2S data, however.  
Since the H2S is present in much smaller amounts compared to the other components, it was 
more susceptible to noise or errors in the GC measurement. 
Figure 5-6 represents the composition data from the M200 permeate. 
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Figure 5-6:  M200 Permeate (the H2S data is on a secondary axis) 

 
 

The first two data sets as defined previously in Table 5-1 represent the time when the first two 
membrane Modules #4286 and #3920 were installed.  The first data set shows a fairly flat 
composition response.  Process conditions during this time were held reasonably constant with a 
syngas feed rate of approximately 70 lb/h and a differential pressure of 770 psig (unless 
otherwise noted differential pressure will refer to the pressure difference between the residue and 
the permeate).  The second data set shows a steady increase in the acid gas (H2S and CO2) 
composition and a steady decrease in the syngas (H2 and CO) composition.  During this time the 
pressure drop across the sand bed was increasing and in order to keep the flow at 80 lb/h the 
differential pressure was reduced to 630 psig by lowering the residue pressure to 660 psig.  For 
an unknown reason with consistent flow and pressures, the stage-cut, the ratio of the permeate 
flow rate to the feed flow rate, decreased steadily and is shown in Figure 5-7. 
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Figure 5-7:  M200 Stage-Cut and CO2 Permeate (CO2 permeate is on the secondary axis).   

M200 contained membrane module #4286 during time period shown. 
 
 

Figure 5-7 shows a clear inverse relationship between the stage-cut and permeate CO2 
composition.  Analyzing the process data did not reveal any indication as to what should have 
caused a change in the stage cut.   The differential pressure which has been shown to affect the 
stage cut remained constant throughout Figure 5-7.  The composition of the syngas supplied 
from the Kingsport gasification process was checked and the composition did not change. 
The third and fourth data sets used membrane Module #4018 in M200 instead of Module #4286 
and exhibited a dramatic change in the permeate composition.  Looking at the acid gases there 
was a large drop in the amount of CO2 and H2S that permeated the membrane.  Conversely the 
good syngas, H2 and CO, permeated more readily. That is, Module #4018 showed poorer acid 
gas separation performance than the previous module (#4286) in M200.  Figure 5-8 focuses on 
M200 permeate for the third and fourth data sets. 
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Figure 5-8:  M200 Permeate Data Sets 3 and 4 (the H2S data is on a secondary axis).  

M200 contained membrane module #4018 during time period shown. 
 

At the beginning of the third data set, the CO and H2S compositions increased fairly quickly 
while the CO2 and H2 dropped.  This change was then followed by an abrupt step change.  This 
pattern repeated a second time.  The timing of both step changes corresponded to adjustments 
made to the GC sample flows.  Changing the sample flows should not affect the composition 
significantly as the data reported is normalized to 100%.  As this appeared to be an isolated 
incident and possibly a malfunction of the GC, these data were not used for analysis.  On 
2/19/2008, there appeared to be another small step change in the composition.  It can be seen 
most easily in the CO2 and CO data.  This step change corresponded to what appeared to be a 
slug of water passing through the system.  It was believed to be water because all of the flow 
meters had problems reading the flow, since these were coriolis meters that do not handle two 
phase flow well.  As a surprising side effect, the permeate acid gas concentrations improved 
slightly after the membrane was contacted with the water. 
The fourth data set includes the data from the design experiments.  Since the process conditions 
were changing roughly every twelve hours, this data set has a larger amount of variation in 
composition than the previous data set.  These results are discussed later in the report. 
Figure 5-9 shows the composition results for the M200 residue which is the feed to M400. 
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Figure 5-9:  M200 Residue / M400 Feed (the H2S data is on a secondary axis) 

 
 

Figure 5-9 shows that there was a great deal of consistency in the residue from M200.  This 
indicates that changes with the membrane or changes to the permeate flow and composition did 
not affect the residue composition significantly. 
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Figure 5-10:  M400 Permeate (the H2S data is on a secondary axis).   

M400 contained membrane module #3920. 
 

The M400 permeate composition is shown in Figure 5-10.  As with the permeate from M200, the 
second data set shows a gradual increase in the permeate concentration of the acid gas and a 
decrease in that of the syngas.  Again there was a slow decrease in the permeate flow from M400 
as there was with M200. 
The beginning of the third data set exhibits similar trends to the M200 permeate with the step 
changes correlating with changes in the sample flow to the GC.  Since the membrane module in 
M400 was not replaced, the composition between the first three sets did not change appreciably.  
The composition of the fourth set shows an overall drop in the acid gas composition and an 
increase in the syngas composition.  This drop in performance can be attributed to the process 
conditions tested during the DOE. 
Figure 5-11 shows the composition data for the residue from M400. 



Eastman Chemical Company   
 
 

Hot Syngas Clean Up  Membrane          ●       5-12 
 

 
Figure 5-11:  M400 Permeate (the H2S data is on a secondary axis).   

M400 contained membrane module #3920. 
 

Like the residue from M200, the composition for the M400 residue is also fairly consistent.  
Again the third data set shows an abrupt change in the compositions followed by a step change 
when the flows to the GC were adjusted. 
The system mass balance, which was calculated from flow and composition data, closed 
considerably well for a pilot plant.  Table 5-2 lists the mass balance around M200, M400, and the 
entire system. 

Table 5-2:  Mass Balance 
 CO CO2 H2 H2S 
M200 96.9% 96.0% 96.3% 96.4% 
M400 103.2% 105.9% 104.4% 107.4% 
Overall 99.9% 100.5% 100.0% 101.7% 

 
The design of experiments conducted near the end of the trial was designed to test the effects of 
the feed flow to M200 and the differential pressure between the feed/residue side and the 
permeate side.  A full factorial experiment was conducted with a few additional midpoints.  
Tables 5-3 and 5-4 show the order and the conditions tested during the DOE.  The order was 
randomized, and the center point was tested three times to determine the repeatability. 
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Table 5-3:  List of Experiments 
Trial** M200 Feed 

(lb/h) 
Residue 
(psig) 

Permeate 
(psig) 

ΔP 
(psig) 

Start Stop 

A 70 800 30 770 2/1/2008 13:00 2/2/2008 1:00 
B 80 900 35 865 2/20/2008 19:00 2/21/2008 10:00 
1 60 750 150 600 2/22/2008 17:00 2/23/2008 8:00 
2 80 700 300 400 2/23/2008 10:00 2/23/2008 20:00 
3 60 850 50 800 2/23/2008 22:00 2/24/2008 8:00 
4 60 750 150 600 2/24/2008 10:00 2/24/2008 20:00 
5 40 700 300 400 2/24/2008 22:00 2/25/2008 8:00 
6 80 750 150 600 2/26/2008 3:00 2/26/2008 8:00 
7 40 850 50 800 2/26/2008 10:00 2/27/2008 1:00 
8 60 750 150 600 2/27/2008 3:00 2/27/2008 8:00 
** Trial A used module #4286 in M200; the other trials used module #4018 in M200. 
 
 

Table 5-4:  DOE Trial Conditions 
Trial M200 Feed ΔP 
A -- -- 
B +1 +1 
1 0 0 
2 +1 -1 
3 0 +1 
4 0 0 
5 -1 -1 
6 +1 0 
7 -1 +1 
8 0 0 

 
 
Trials A and B were not part of the experimental design but are included in this discussion 
because they provided process conditions that were not tested during the DOE due to time 
restraints.  Trial A is included since it represents data collected when membrane Module #4286 
was in M200 and membrane Module #3920 was in M400.  Trial B demonstrates close to the 
maximum pressure and flow conditions that this pilot plant was capable of controlling. 
The mass percent of the acid gas transferred from the syngas to the permeate for M200 can be 
seen in Figure 5-12. 
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Figure 5-12:  Percent Acid Gas Removed in the M200 Permeate. 

 
 

It is obvious from this graph that Trial A which used the membrane Module #4286 performed 
significantly better than the other trials which used the membrane Module #4018.  Module #4286 
was able to remove 64.9% of the H2S and 41.2% of the CO2 while the Module #4018 was only 
able to remove 35.4% of the H2S and 32.5% of the CO2.  For Module #4018, acid gas permeation 
was directly related to higher differential pressure and inversely related to flow rate.  The center 
point condition, 60 lb/h and 600 psid ΔP, showed good agreement between all three trials with a 
standard deviation of 1.7% for the CO2 and 1.8% for the H2S.  The acid gas removal in the 
permeate for M400 is shown next in Figure 5-13. 
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Figure 5-13:  Percent Acid Gas Removed in the M400 Permeate. 

 
 

The data in Figure 5-13 was collected using membrane Module #3920.  Similar trends are 
present with this data as were in Figure 5-12.  The amount of acid gas removed is directly related 
to the differential pressure and inversely related to the flow.  The standard deviation for the 
center points was 1.9% for the CO2 and 2.2% for the H2S.  Figure 5-14 looks at the combined 
permeate to see the total percent of the acid gas removed by the two membrane modules in 
series. 
   



Eastman Chemical Company   
 
 

Hot Syngas Clean Up  Membrane          ●       5-16 
 

 
Figure 5-14:  Percent Acid Gas Removed in the Combined Permeate. 

 
 

Trial A did the best job removing H2S, 94.4%, while Trial 7 removed 70.4% of the CO2.  The 
standard deviation for the center points was 2.8% for the CO2 and 3.2% for the H2S.  Before 
conclusions can be formulated as to the performance between the two different membranes and 
the various process conditions, the H2 and CO permeate rates must be considered.  The ratios 
CO2 / (CO +  H2 ) and H2S / ( CO +  H2 ) permeated were calculated to determine the selectivity 
of the membrane which can be seen in Figures 5-15 and 5-16. 
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Figure 5-15:  CO2 Permeate Selectivity 

 
 

Membrane Module #4286 used in Trial A had the highest selectivity for M200.  Focusing on the 
M200 data for Module #4018, the highest selectivity occurred with Trial 6, 80 lb/h of flow and 
600 psig of pressure difference.  A clear relation between flow and pressure difference and the 
selectivity was not present.  With the exception of Trial B, keeping the flow rate constant the 
selectivity increased with a higher differential pressure.  Keeping the pressure difference 
constant the selectivity increased as the flow rate increased, with the exception of Trial B. 
Looking at the CO2 selectivity for M400, Trial B had the best results.  The M400 membrane 
provided a better relationship between the process conditions and the selectivity as selectivity 
was directly proportional to increasing differential pressure and flow.  It should be also noted 
that Module #3920 in M400 showed better selectivity than Module #4018 in M200. 
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Figure 5-16:  H2S Permeate Selectivity 

 
 

Again Module #4286 in M200 gave the highest selectivity for H2S, and this selectivity value was 
more than 3 times higher than that of Module #4018.    As with the CO2 data, the highest 
selectivity for Module #4018 was with Trial 6.  The overall trends between process conditions 
and selectivity are identical to those seen for the CO2 data as well.  Module #3920 in M400 
provided greater selectivity between the H2S and the CO and H2 than Module #4018. 
Both Figures 5-15 and 5-16 show a severe decrease in performance of the selectivity of M400 in 
Trial A.  This decrease in performance could be attributed to the high performance of the M200 
module #4286 membrane removing more of the acid gas.  This would lead to less acid gas in the 
M400 feed as compared to the other trials. 

5.4 Conclusions: 
Aside from the issues with the excessive pressure drop around the sand bed and some analytical 
problems with the GC, the acid gas membrane separation pilot plant trial operated extremely 
well.  A consistent syngas composition feed from the Eastman coal gasification facility reduced 
potential variability in the downstream samples.  The composition of the syngas from the 
gasification facility determined by the GC matched closely with the composition reported by 
other Kingsport analytical methods.  This agreement lends credibility to the quality and 
reliability of the GC results used in this report.  The overall mass balance for this system was 
calculated using the flow rates and the composition data and closed to within 1.7% for all 
components.  There were occasions where the GC was deemed to not be reliable due to 
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insufficient sample flow or other technical problems with the sampling system.  That data was 
excluded from this report. 
The highest amount of acid gas separated from the good syngas was 67.2% of the CO2 along 
with 94.4% of the H2S while minimizing CO and H2 permeation.  However, the CO and H2 
losses to the permeate were still significant and would require recovery by a commercial scale 
unit.  These results were collected from the first data set outlined in Table 5-1.  According to 
Figures 5-6 and 5-10, the permeate compositions for M200 and M400 appeared to have greater 
separation and selectivity of the acid gas at the end of the second data set.  Because of some 
sample problems with the GC, the M200 feed data was not collected for this data set.  Without 
the feed data, accurate calculations of the percent permeated or the selectivity could not be 
calculated. 
The design of experiments, which included previous data, Trials A and B, was conducted to 
study the effects of syngas flow and the differential pressure between the high-pressure residue 
side and the lower-pressure permeate side on the composition and selectivity of the permeate.  
Overall there was a general trend toward increased selectivity as flow rate and differential 
pressure increased. 
Trial A, which used membrane Modules #4286 and #3920 with a feed of 70 lb/h and a 
differential pressure of 770 psid, provided the best separation performance.  It separated into the 
permeate almost twice as much CO2 and over three times more H2S per pound of H2 and CO 
than tests using Module #4018.  This result was unexpected as Module #4018 is a later 
generation of membrane technology.  It is possible that Module #4018 installed was in some way 
defective.  Before making a conclusive statement toward the performance of membrane Module 
#4018, additional testing is needed.  First, a new GC that could account for changes in sample 
pressure and flow should be installed.  Second, both Modules #4286 and #3920 should be 
retested with a similar DOE to identify the best operating conditions.  Third, a new Module 
#4018 should be acquired and tested to verify or disprove the poor performance of the membrane 
tested in this report.  Finally, other technology should be investigated and tested to recover the 
CO and H2 in the permeate as this material is too valuable to lose at the quantities seen during 
this experiment. 
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EXECUTIVE SUMMARY 
 

A new fluidized regenerable fluidized bed sorbent called RTI-3 has been developed that is 
suitable for operation in a transport desulfurization system associated with ChevronTexaco’s 
High Performance Gasification process. RTI-3 has demonstrated the ability to reduce H2S to 
below 1 ppmv and COS to below 5 ppmv at temperatures as low as 550ºF with steam 
concentrations of 60 vol% with a residence time of about 4 seconds during multicycle testing. 
RTI-3 was successfully regenerated during this multicycle testing at temperatures between 
1275ºF and 1300ºF with 6 vol% O2

 

 in nitrogen with no observed decrease in the sulfur capacity 
of about 9 lb sulfur /lb sorbent. The sorbent has also demonstrated an attrition index of about 
1.0 similar to equilibrium FCC catalysts. 

Development of this new sorbent was facilitated by RTI’s experience in developing the sorbent 
EX-S03. Although EX-S03 is not suitable for desulfurization below 1000ºF, its development 
established the importance of the preparation process for incorporating the desired composition, 
desulfurization activity, and physical strength. This approach allowed RTI researchers to 
establish a preparation process for incorporating ZnO onto a support material with high 
desulfurization activity and attrition resistance. Parametric testing with sorbent composition and 
preparation variables allowed optimization to formulate RTI-3 sorbent. 
 
Preparation of RTI-3 is being scaled up to >100 lb batches for testing with ChevronTexaco’s 
research gasifier at Montebello, CA. 
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1.0  Introduction 
 
The Department of Energy’s (DOE’s) VISION 21 Program Plan (DOE, 1999) envisions the 
development of energy facilities that use advanced technologies to convert solid carbonaceous 
fuels into electric power, transportation fuels and other value-added chemicals. One of the key 
technologies is the Integrated Gasification Combined Cycle (IGCC) system. This system 
effectively and efficiently converts solid carbonaceous fuels, like coal, into syngas. “Gas stream 
purification” maximizes potential uses of this syngas from power generation to production of 
value-added chemicals while minimizing the environmental impact. The objective of this 
technology is to remove sulfur-, nitrogen-, chlorine-, alkali-, and mercury-species to near zero 
levels in the syngas. The development of solid regenerable sorbents to remove sulfur species 
(H2S, COS and CS2,

 

 in particular) at high temperature is an important aspect of this enabling 
technology. 

National Energy Technology Laboratory (NETL) researchers have successfully developed a 
promising regenerable sorbent, known as RVS-1, for removal of sulfur species (Siriwardane and 
Cicero, 2000; Turk and Gupta, 2000). The specific advantages of the RVS-1 sorbent were 
chemical stability and physical strength in the presence of adverse conditions that include 
extended and repeated exposure to steam, reducing and oxidizing conditions at high 
temperatures. Three U.S. patents protect the unique composition and preparation process for 
the RVS-1 sorbent (Siriwardane, 1996; Siriwardane, 1997, 1999). The target application during 
development of RVS-1 was the General Electric (GE) moving-bed desulfurization system 
included as a slipstream testing system in the Tampa Electric Co. Clean Coal Project. However, 
the superior performance of the RVS-1 has allowed its use in an even wider range of 
applications from desulfurization of reformate gas for fuel cells to desulfurization of syngas 
generated from black liquor gasification. RVS-1 has demonstrated the ability to reduce sulfur 
concentrations to < 20 ppmv at temperatures > 500ºF and steam as high as 60 vol%. The 
importance of RVS-1 development was recognized with the R&D 100 award in 2000.  
 
The composition and preparation techniques described in the above three U.S. patents for RVS-
1 are exclusively dedicated to preparation of 3 mm to 4 mm spherical or slightly elliptical pellets. 
Physically strong pelletized sorbents, like RVS-1, are suitable primarily for fixed- and moving-
bed applications. Currently, Sud Chemie, Inc. has the license to commercially manufacture and 
market RVS-1. 
 
Unfortunately, fluidized-bed and transport desulfurization systems are being considered as the 
only real possibility for commercial syngas desulfurization systems, because of their significant 
technical advantages, (Moorehead et al. 1996; Cambell and Henningsen, 1996). Sorbents 
suitable for fluid-bed and transport reactor applications consists of particles between 60 μm and 
150 μm with good flowability, rapid reaction kinetics, and high attrition resistance. 
 
Research Triangle Institute (RTI)/Intercat was one of the few teams that managed to develop 
and scaleup a patented sorbent (EX-S03) and preparation process to meet these technical 
specifications for the specific conditions required for the transport desulfurization system in the 
Pinon Pine Clean Coal Project (Gupta et al., 1998, Gupta et al., 2002). The drawback of EX-S03 
is its reactivity excludes desulfuization below 1000ºF. However, RTI researchers discovered that 
careful combinations of sorbent composition and preparation processes were necessary to 
reach the desired sorbent specifications, particularly the attrition resistance.  
 
The objective of this project was to develop a new regenerable sorbent suitable for 
desulfurization of syngas in a fluidized-bed or transport reactor system between 400ºF and 
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600ºF. The specific application for this sorbent would be a transport desulfurization system for 
integration with ChevronTexaco’s new High Performance Gasification process (Leininger, 
2002). The development of this new sorbent was to draw on both RTI’s development experience 
with EX-S03 and NETL’s experience developing RVS-1. 
 

2.0   Experimental 
 
The key facilities used in this project were RTI’s sorbent preparation and characterization 
laboratory and a spray-drying laboratory with a small pilot scale spray dryer. These laboratory 
facilities allow the preparation of experimental batches of spray dried sorbent samples between 
100 g and 500 g per batch. In addition to these preparation and characterization facilities, RTI 
has a high temperature, high-pressure sorbent testing facility. These facilities are described in 
greater depth in the next few sections.  
 
2.1  Sorbent Preparation Laboratory 
 
RTI’s sorbent preparation laboratory consists of 570 sq. ft. of wet lab space equipped with three 
fume hoods. This space has been divided into a number of different regions assigned to specific 
activities. One critical activity for both sorbents and catalysts is calcination. This area holds 
three furnaces with the potential to calcine materials up to 1000ºC in atmospheres ranging from 
vacuum to forced air convection. Another region of this laboratory has been set up to facilitate 
single or multiple train filtration processes. This filtration process is carried out in one of the 
fume hoods to permit working with more volatile solvents or chemicals. Another section of the 
laboratory has been set up for controlled mixing and blending processes. To permit as wide a 
range of solvents and reagents as possible, this mixing station has been set up in the other 
fume hood. The reminder of the laboratory space is used for other activities necessary for 
sorbent/catalyst preparation including dry screening, weighing, chemical and equipment storage 
and glassware cleaning and drying.  
 
Adjacent to this laboratory is 667 sq. ft. of additional laboratory space dedicated almost 
exclusively to sorbent/catalysts characterization. The analytical equipment housed in this 
laboratory include a Model AutoPore III Micromeretics Mercury Porosimeter, Gemini 
Micromeretics BET surface area analyzer, Model 2050 TA Instruments thermal gravimetric 
analyzer (TGA), Model 2010 TA Instruments differential scanning calorimeter (DSC), Cahn 
Model TG 151 high pressure, high temperature TGA, Sympatec Helos/BF particle size analyzer, 
and two attrition (air jet attrition using the ASTM D5757 method and Davison Index (DI) jet cup 
attrition method) measurement apparatuses. 
 
Additional characterization equipment available at RTI include a Model AMI-100 Altamira 
system for temperature programmed absorption, desorption, and reaction testing; a Model 9000 
Antek total sulfur analyzer with the solids testing accessory permitting measurement of sulfur in 
sulfided sorbent samples; X-ray diffraction analysis; Inductively Coupled Plasma (ICP) 
elemental analysis; and Scanning Electron Microscopy (SEM).  
 
2.1.1  Niro Spray Dryer 
 
RTI’s spray drying facilities are built around a NIRO Mobile Minor 2000 Model H spray dryer 
(Figure 1). The drying chamber on the Mobile Minor is 0.8 m in diameter, 1.5 m high with a 60º 
cone base and has a 316 stainless steel surface. RTI also has the chamber extension 
accessory that increases the total height of the drying chamber to 1.7 m. The nominal flow of 
drying air is 80 kg/h at 350ºC. The heat flux into the system is capable of evaporating 1 kg/h to 7 
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kg/h. The atomizing equipment available with this system include a fountain two-fluid nozzle or 
pneumatically driven rotary atomizer. Coarse particle collection occurs at the base of the cone 
section of the drying chamber. Finer particles are collected in a secondary 6 in diameter 
cyclone. Any additional dust in the effluent gas is trapped in a HEPA filter prior to venting. The 
slurry is fed to the spray dryer by means of either a Model 7553-80 Cole Parmer peristaltic 
pump with Masterflex speed control or Model 412P-W-L Seepex high pressure slurry pump. 
 

 
 

Figure 1.  NIRO spray dryer system at RTI. 
 
The entire spray dryer is located in a laboratory area specially designed for spray drying. The 
area contains adequate electrical and air supplies to operate the electrical and pneumatic 
systems. The area also has adequate water and drain services to facilitate cleaning the spray 
drying chamber between test runs. Storage shelves and bench space provide suitable storage 
space for equipment and tools plus workspace for slurry handling and other activities. 
 
For the development of RTI-3, the chamber extension accessory, peristaltic pump and fountain 
two-fluid nozzle were employed. Sufficient slurry could be prepared and readily processed in an 
8 h period to produce sorbent sample batches of roughly 100 g to 500 g of final calcined 
material. 
 
2.2  HTHP Bench-Scale Sorbent Testing System 
 
A schematic of RTI’s high temperature, high-pressure sorbent testing system is shown in Figure 
2. A detailed description of this system, including the reactor system and associated analytical 
equipment, is provided  by Turk and Gupta (2000). The key feature of this test system is it 
readily permits the testing of fluidizable sorbents as a fluidized bed at residence times typically 
encountered in commercial operation. The actual reactor vessel is a 2-in ID quartz reactor. 
 
During sulfidation, the reactor effluent gases are cooled to condense the steam in the syngas. 
The cooled dry syngas sample is sent to a GC equipped with a sulfur chemiluminescence 
detector capable of sulfur detection to the parts-per-billion level. During regeneration, 
slipstreams of the reactor effluent are sent to a Model 921 Bovar Photometric SO2 analyzer and 
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Model 316RA Teledyne O2

 

 analyzer. Data acquisition is accomplished by means of a LabView 
software and National Instrument data acquisition hardware. 

 
 
Figure 2.  Schematic of RTI’s high-temperature, high-pressure bench-scale sorbent test 
facility. 
 
2.3  Sorbent Development 
 
The commercial potential of a successful attrition resistant spray dried sorbent makes 
completing a patent application for both the composition and production of this sorbent 
imperative. Because a patent application is currently being assembled and filed, the complete 
technical details of sorbent development will not be discussed in this report, to comply with 
disclosure requirements for patents. However, this section will provide as much detail about the 
development of the sorbent as possible. 
 
During the development of the palletized RVS-1 sorbent, the use of larger support particles 
provided a physically strong supporting framework in which smaller active component particles 
were trapped, but readily accessible by means of macrochannels. For roughly spherical pellets 
of 3 mm to 4 mm, this technique is very successful. However, this technique is not particularly 
useful for particles between 60 μm and 150 μm for a number of reasons, including the ability to 
get support compound particles and active compound particles in the correct size range, the 
ability to mix fine support and active component particles uniformly, and the lack of any 
compression step fusing the support and active component particles into strong porous 
particles. Although binders can be used to “glue” the active component and support particles, 
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RTI has never found this technique to provide sufficient attrition resistance for transport reactor 
systems. 
 
During the EX-S03 development, RTI’s researchers have found the best approach is to 
“engineer” the sorbent with both the necessary activity and attrition resistance by the choice of 
starting material and manufacturing techniques. In this manner, the materials and preparation 
techniques can be used to formulate the active material as highly dispersed particles with high 
accessibility and essentially “weld” these particles of active material to a support with a high 
attrition resistance. With this approach, a significant amount of parametric testing is required to 
select staring materials and coordinate and optimize the preparation procedures. 
 
Based on previous sorbent development work at RTI and NETL, ZnO was the primary candidate 
for the active material in the new regenerable desulfurization sorbent developed during this 
project. ZnO is known to effectively remove sulfur from warm (300 to 900ºF) syngas in the 
presence of steam. It is also used in pellet form as a sulfur guard in commercial plants (e.g. 
catalyst G-72 from Sud-Chemie). The fact that the main component of RVS-1 is ZnO and RVS-1 
was readily able to reduce a syngas with 60 vol% steam and 5000 ppmv of H2S to < 10 ppmv 
H2
 

S confirmed this selection.  

Unfortunately, ZnO does not form a strong hard particle that will have high attrition resistance. 
Therefore, other materials must be added to give the particles a hard and attrition resistant 
structure. One potential method of achieving this combination of desulfurization activity and 
strength would be to mix ZnO with a hard inert material like alumina or silica and use a binder to 
“glue” these materials together. Although RTI’s researchers have tried this approach in the past, 
the resulting materials either had the necessary attrition resistance and no desulfurization 
activity or no attrition resistance and excellent desulfurization activity.  NETL researchers 
attempting to adapt the composition of RVS-1 for spray drying also tried this approach with 
similar results. 
 
For this reason, RTI researchers adopted a similar development approach used with EX-S03. 
The new sorbent would be “engineered” to make the most of the desulfurization activity of the 
ZnO component and uses the support material and any promoters to provide an accessible 
support structure and attrition resistance. Drawing on RTI’s experience in catalyst and sorbent 
development, adequate support material and preparation procedures were established. 
Extensive parametric testing was necessary to refine both the preparation procedures and 
sorbent composition to meet the necessary technical specifications for a transport 
desulfurization sorbent. A small portion of the parametric testing associated with key control 
variables in the preparation process is discussed next.   
 
A series of sorbent preparations were made at various levels of the control variable in question. 
The completed sample preparations were subjected to a number of physical characterization 
tests including density, BET surface area, mercury porisimetry, TGA analysis and attrition 
resistance. The results for some of these physical characterization tests are provided in Table 1. 
 
The results shown in Table 1 show that changes in the particular control variable being tested 
affect the physical properties of the sorbent. Closer examination of Table 1 indicates that, 
generally, an increase in the pore volume and surface area result in a decrease in the attrition 
resistance and density of the sorbent. Figure 3 shows the TGA results for samples 071502-1, 
071602-1 and 071702-1. These TGA results show the initial sulfur capacity correlate with the 
surface area and pore volume results in Table 1. Because of this inverse relationship for 
desulfurization performance and attrition resistance, selection of the optimal value for the control 
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variable is a compromise between desulfurization performance and attrition resistance of the 
sorbent. 
 

 
Figure 3.  TGA curves for the half batch samples. 

 
 

Table 1:  Physical Characterization Tests Results for Different Sorbent 
Preparations 

Sample No. 
Compacted 
Bulk Density 

Pore 
Volume 

BET 
Surface 
Area 

Attrition Index (AI) 
(ASTM D5757) 

 (g/ml) (ml/g) (m2 Fresh /g) 
032202-1 1.49 0.1456 24.58 1.02 
021502-2 1.46 0.1437 27.11 1.18 
011102-3 1.71 0.0844 26.99 0.55 
071502-1 1.32 0.2559 22.37 1.39 
071602-1 1.80 0.0953 16.69 0.48 
071702-1 1.38 0.1942 17.96 2.28 
080102-1 1.32 0.2005 20.73 2.94 
080202-1 1.65 0.1176 14.74 0.59 
080502-1 1.49 0.1522 22.13 1.30 
091602-1 0.87 0.2743 25.18 6.04 
093002-1 1.43 0.1825 8.50 2.63 

 
 
The net result of the parametric testing was a sorbent composition and preparation procedures 
for preparing a sorbent, designated RTI-3, with suitable desulfurization activity and attrition 
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resistance for a transport reactor system. The unique development approach resulted in a new 
and novel sorbent composition and preparation process. A patent application is being prepared 
as mentioned earlier in this section. RTI’s development experience with EX-S03 and other 
attrition resistant catalysts greatly facilitated this sorbent development project. Detailed testing 
of RTI-3 for syngas desulfurization is discussed in the following section. 
 
2.4  Sorbent Testing 
 
RTI-3’s performance is being evaluated in RTI’s high-temperature, high-pressure bench-scale 
sorbent testing system described in more detail in Section 2.2. The ranges of test conditions are 
shown in Table 2. 
 

Table 2:  Bench-Scale Reactor Test Conditions 
Sulfidation:  
Pressure: 280 psig 
Temperature: 420-650ºF 
Gas Flow Rate: 21 to 22 slpm 
Sorbent loading: 160 to 230 g 
Gas Composition: Simulated ChevronTexaco coal gasifier 

gas 
 H2S:  2500-10,000 ppmv 
 Steam:  43 to 63 volume % 
  
Regeneration:  
Pressure: 280 psig 
Initial Temperature: 1100-1300 oF 
Gas Flow Rate: 20 slpm 
Gas composition: (volume%): 
 N2:  Balance 
 O2:  5.76 

 
A 10-cycle scoping test was conducted to evaluate sorbent performance at a range of H2S feed 
concentrations and sulfidation temperatures. Figure 4 shows the H2S breakthrough curves at 
2500 ppm and sulfidation temperatures of 600-625ºF. The H2S was reduced to below detection 
limit (about 60 ppbv) in Cycle 1, while COS (not shown) remained below 1 ppmv. In Cycle 2, 
steam condensation problems caused erratic drops in temperature, but H2S was still reduced to 
less than 10 ppmv and COS (not shown) remained below 3 ppmv. In Cycle 3, the steam pump 
quit and the reactor temperature gradually increased to 640ºF. The H2

 

S was again reduced 
below detection limit and COS (not shown) remained below 1 ppmv. Sorbent capacity increased 
in the absence of steam by about 30 %. 

Figure 5 shows the H2S breakthrough curves with an H2S feed concentration of 5000 ppmv at 
600-620ºF. In all cycles the H2

 

S was reduced to less than 5 ppmv while COS (not shown) 
remained below 1 ppmv. 

Figure 6 (Cycles 7 to 10) show the sorbent performance at extreme conditions ― 10,000 ppmv 
H2S feed concentration and a sulfidation temperature as low as 420ºF. In Cycle 7, at 560ºF, the 
H2S was reduced to below 2 ppmv and COS also remained below 2 ppmv prior to 
breakthrough.  During Cycles 8 through 10 in which the sulfidation temperature was between 
420ºF and 520ºF, H2S and COS breakthrough occurred quickly. COS in the effluent was >80 
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ppmv throughout the cycles. These results indicate that the sulfidation temperature needs to be 
above 550ºF to efficiently remove both H2S and COS (whether fed or formed) below 2 ppmv. 
Above 550ºF, the sorbent can efficiently clean a ChevronTexaco gas containing up to 10,000 
ppmv H2
 

S and 40-60 volume % steam. 
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Figure 4.  H2S breakthrough curves for RTI-3 with 2500 ppmv feed H2
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Figure 5.  H2S breakthrough curves with 5000 ppmv feed H2
 

S concentration. 
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Figure 6.  H2S breakthrough curves with 10,000 ppmv feed H2

 
S concentration. 

Following this scouting test, a 6-cycle test was made with a fresh batch of sorbent. Operating 
conditions for each of these cycles were maintained constant. The pre-breakthrough H2

 

S 
concentration for these cycles was less than 2 ppmv and COS remained below 5 ppmv as 
shown in Figures 7 and 8.   

Figure 9 shows a typical regeneration temperature profile for this test. Starting at a regeneration 
temperature of 1200ºF, the temperature rises to 1375ºF as the extent of regeneration increases. 
Based on the several cycles carried out to date, successful regeneration of RTI-3 can be 
efficiently carried out at a temperature range of 1275 oF to 1300o

 
F. 

Sulfidations in this test were conducted at 610ºF (Figure 10). The temperature initially rises to 
655ºF and then drops back to 610ºF gradually over the cycle. This indicates that the sulfidation 
reaction is also somewhat exothermic. The temperature rise during sulfidation would tend to 
increase sulfur removal capacity and reduce the total pre-breakthrough sulfur gas concentration.  
 
Figure 11 shows the SO2 generation and O2 breakthrough during regeneration. The SO2 
quickly rises during regeneration as temperature increases from the initial temperature of 
1200oF. The peak plateau in SO2 concentration is at 3.6 vol% compared to a theoretical value 
of 3.8 vol%. The O2 does not elute until after the SO2

 

 drops off sharply. These observations 
suggest nearly complete regeneration with minimal side reactions particularly sulfate formation. 
Evidence of good regeneration is seen further in Figure 12. Sulfur burn-off during regeneration 
is 16.6 g compared to a sulfur loading of 17.7 g. 

Two additional tests were conducted with promoted RTI-3 sorbents. The objective of adding 
promoters was to reduce the initial regeneration temperature and increase COS capacity at 
lower sulfidation temperatures. A 9 cycle test was conducted using sorbent RTI-3-P1 and a 5 
cycle test was conducted using sorbent RTI-3-P2. The addition of promoters was not 
successful. In the first cycle, each of these sorbents reduced the H2S to below 1 ppmv and COS 
also remained below 1 ppmv. However, in subsequent cycles, significant COS elution of 20 to 
50 ppmv was observed. This indicates that the promoters actually reduced the efficiency of 
COS removal. 
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Figure 7.  Six cycle H2

 
S removal performance for RTI-3. 
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Figure 8.  COS in effluent gas for six-cycle test of RTI-3. 
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Figure 9.  Regeneration temperature profile for RTI-3. 
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Figure 10.  Sulfidation temperature profile for RTI-3. 

 
 



 12 

0.0

1.0

2.0

3.0

4.0

5.0

6.0

0 5 10 15 20 25

Time (minutes)

SO
2 a

nd
 O

2 (
vo

l%
) SO2

O2

 
Figure 11.  SO2 and O2

 
 concentration during regeneration of RTI-3. 
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Figure 12.  Sulfur loading of RTI-3 versus sulfur burnoff during regeneration. 
 
 
Attrition resistances of fresh and used RTI-3 and promoted RTI-3 sorbents were excellent. AI 
values (ASTM D-5757) are shown in Table 3.  AI values for the FCC catalyst are provided for 
reference. 
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Table 3:  AI of Fresh and Used RTI-3 Sorbents 
Sorbent AI 
 Fresh Used 
Equilibrium FCC Catalyst - - 0.2 – 1.0 
RTI-3 1.48 1.5 (2 cycles) 

1.05 (6 cycles) 
RTI-3-P1 - - 0.8 
RTI-3-P2 - - 1.85 

 
 

3.0  Conclusions 
 
A new fluidized regenerable sorbent designated as RTI-3 has been prepared in 250-500 g 
quantity by spray drying. RTI-3’s desulfurization activity has been demonstrated to reduce H2S 
to below 1 ppmv and COS below 5 ppmv at temperatures as low as 550ºF with a steam 
concentration as high as 60 vol%. This desulfurization performance was demonstrated in a 
fludized-bed reactor with a residence time of 4 seconds. RTI-3 has also been successfully 
regenerated multiple times at temperatures between 1275oF and 1300o

 

F with no observed 
decrease in desulfurization activity. RTI-3’s sulfur capacity is approximately 9 lbs of sulfur per 
100 lbs of sorbent. Attrition resistance measurements for RTI-3 are typically about 1. The 
commercially acceptable range for FCC catalysts is <4. Therefore, RTI has developed a sorbent 
with the specific desulfurization and regeneration activity necessary for a transport 
desulfurization system for ChevronTexaco’s high performance quench gasifier. 

4.0  Future Work 
 
Preparation of RTI-3 is being scaled up to > 100 lb batches with commercial equipment. The 
sorbent produced during this scale up operation will be initially tested for an extended 20 cycle 
test in RTI’s bench scale sorbent testing system. This sorbent will then be tested in KBR’s 
TRTU system to obtain the necessary information for design and construction of a slipstream 
transport desulfurization system for testing at ChevronTexaco’s research gasifier at Montebello, 
CA. 
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 Appendix G. Hg and As Data 

G-1 

 

 Additional Data on Hg and As Testing and Analysis  

 

Because the concentration of trace contaminants like mercury and arsenic are relatively small in 
coal-derived syngas, accurate measurement of the concentration in the syngas and on potential sorbents is 
challenging. In order to assure the best possible determination of mercury and arsenic in the testing 
program in this project, a significant amount of control sampling and duplicate testing was included. 
Rather than present all the data generated within the main body of the text, the details of the sampling and 
testing have been collected in this appendix.  

G.1 Mercury Screening Studies Conducted in Dry Nitrogen 
As explained in Section 4.3.1.1, QC samples were collected at the outlet of the permeation oven 

at the beginning and end of each group of exposures to account for changes in the amount of mercury in 
the test gas. The results of all QC samples generated during the initial screening studies in dry nitrogen 
are shown in Table G-1. The results are arranged in sets that contain individual results of duplicate 
samples collected at the beginning and end of each exposure day, the calculated average amount retained 
for each set, and the standard deviation relative to the average (RSD) expressed as a percentage. The 
average amount of mercury collected on the QC samples over the 30-min sampling period was then used 
to calculate the percentage retained on the candidate sorbent. Table G-2 shows the amount of mercury 
retained on the exposed candidate sorbent during the dry nitrogen exposures, the average amount retained 
for the duplicate exposures, and the percentage of mercury in the test gas stream retained on the sorbent. 

G.2 Mercury Screening Studies Conducted in Wet Syngas 
The same general approach for exposing the sorbents to mercury in nitrogen was also used to 

expose the sorbents in wet syngas. Each sorbent was exposed twice and groups of exposures were 
bracketed by daily QC samples. Results from all of the QC samples generated during the wet syngas 
screening studies and the calculated daily averages and RSDs are presented in Table G-3. Some of the 
RSD values appear to be high, but keep in mind that the RSD calculation assesses the total imprecision of 
the average value, which not only includes possible variations of the mercury concentration in the test gas 
stream but also the mercury retention on the QC sampling media, mercury recovery from the sampling 
media, and analysis of the recovered mercury.  

Results showing the amount of mercury retained on the exposed candidate sorbent during the wet 
syngas exposures are presented in Table G-4. The average amount determined for each set of QC samples 
(Table G-3) was used to calculate the percentage of mercury in the test gas stream retained on the 
candidate sorbent shown in Table G-4.  
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Table G-1. Results for QC Samples Collected During Screening Studies 
in Nitrogen 

Sample Code Set No. 
Amount Retained 

(ng) 
Average Amount 

Retained (ng),(RSD) 
10539-99A 1 337  
10539-99B  323  

10539-101N  349  
10539-101O  348 339 (3.57%) 

    
10539-104A 2 229  
10539-104B  304  
10539-105J  249  
10539-105K  213 249 (15.9%) 

    
10539-111A 3 259  
10539-111B  191  
10539-113D  363 271 (32.0%) 

    
10539-114A 4 309  
10539-114B  329  
10539-115J  301  
10539-115K  325 316 (4.18%) 

    
10539-118A 5 269  
10539-118B  327  
10539-120A  273  
10539-120B  230 275 (14.5%) 

    
10539-121A 6 219  
10539-121B  193  
10539-123A  229 214 (8.70%) 

    
10539-127A 7 136  
10539-127B  209  
10539-128M  196  
10539-129A  142 171 (21.7%) 

    
10539-130A 8 154  
10539-130B  226  
10539-131M  103  
10539-131A  165 162 (31.2%) 

    
10539-136A 9 155  
10539-136B  212  
10539-138A  143  
10539-138B  197 177 (18.7%) 

    
10539-139A 10 102  
10539-139B  187  
10539-141I  208  
10539-141J  138 159 (30.2%) 

    
10539-139A 11 175  
10539-139B  196  
10539-141I  109  
10539-141J  160 160 (23.2%) 

    
10539-151A 12 129  
10539-151B  135  
10539-153C  148  
10539-153D  158 143 (9.14%) 

    
10539-151A 13 201  
10539-151B  173  
10539-153C  86  
10539-153D  147 152 (32.3%) 
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Table G-2. Result from Screening Studies in Nitrogen 

Sample 
Code Set # 

Exposure 
Temperature 

(°C) Candidate Sorbent 

Amount (ng) 

Recovery 
(%) 

QC 
Result Retained 

Average 
Retained 

10539-100B 1 300 MnO2-CuO-Al2O3 339 -LiOH 363   
10539-101D     365 364 107 
10539-100E   ZnS-ZnTiO  3 356   
10539-101F     288 322 95.0 
10539-100H   ZnS-ZnTiO  3 189   
10539-101H     188 189 55.6 
10539-100K   Cu-ZnO-Al2O  3 422   
10539-101J     408 415 122 
10539-101B   Cr2O3-Al2O  3 174   
10539-101L     237 206 60.6 

        
10539-105A 2 300 SeO2-SiO2-Al2O 249 3 17.0   
10539-105C     24.0 20.5 8.23 
10539-105F   Pt-Al2O3   monolith 346   
10539-105H     321 334 134 

        
10539-112B 3 300 Cu2 271 S 0.00   
10539-112D     0.00 0.00 0.00 
10539-112G    CuO  56.0 -  
10539-114E (4) 1   316 6.00 31.0 9.81 

        
10539-115A 4 300 Cu2 316 O powder 2.00   
10539-115C     2.00 2.00 0.63 
10539-115F   CuS  24.0   
10539-115H     48.0 36.0 11.4 

        
10539-119A 5 300 CuO-Al2O 275 3 103   
10539-119C     105 104 37.8 
10539-119F   CuO-ZnO-ZnAl2O  4 81.2   
10539-119H     62.7 72.0 26.2 
10539-119K   MnO2   powder 1.00   
10539-119M     2.00 1.50 0.55 

        
10539-122A 6 300 MnS 214 0.00   
10539-122C     1.00 0.50 0.23 
10539-122F   Co-CaAl2O  4 168   
10539-122H     188 178 83.2 
10539-122K   RTI-3  181   
10539-122M     215 198 92.5 

        
10539-127E 7 300 NiO-ZnAl2O 171 4 331   
10539-128A     308 320 187 
10539-128D   Fe2O3-ZnAl2O4  (30 %) 278   
10539-128F    171 228 253 148 
10539-128I   Fe2O3-ZnAl2O4  (20 %) 192   
10539-128K     165 179 104 
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Table G-2. Result from Screening Studies in Nitrogen (continued) 

Sample 
Code Set # 

Exposure 
Temperature 

(°C) Candidate Sorbent 

Amount (ng) 

Recovery 
(%) 

QC 
Result Retained 

Average 
Retained 

10539-130E 8 300 Fe2O3-ZnO-ZnAl2O 162 4 12.4   
10539-131A     9.30 10.9 6.70 
10539-131D   FeS  2 0.00   
10539-131F     0.00 0.00 0.00 
10539-131I   Pt-Al2O  3 69.1   
10539-131K     69.7 69.4 42.8 

        
10539-136E 9 300 CoS-CaAl2O 177 4 18.6   
10539-137A     18.3 18.5 10.4 
10539-137D   Cu screen  1.20   
10539-137F     0.00 0.60 0.34 
10539-137J   ZnS-ZnAl2O  4 35.2   
10539-137L     39.9 37.6 21.2 

        
10539-140A 10 300 MnO2-CuO-Al2O3 159 -LiOH 

(100) 
268   

10539-140C     301 285 179 
        

10539-140F   MnO2-CuO-Al2O3  -LiOH 
(200) 

317   

10539-140H     313 315 198 
10539-141C   SeO2-SiO2-Al2O  3 20.1   
10539-141F     19.0 19.6 12.3 

        
10539-144E 11 500 MnO2-CuO-Al2O3 160 -LiOH 12.2   
10539-144G     0.00 6.10 3.81 
10539-145B   Cu-ZnO-Al2O  3 9.70   
10539-145D     4.80 7.25 4.53 

        
10539-152A 12 300 Pt-Ni-Al2O 143 4 23.1   
10539-152C     119 71.1 49.7 
10539-152F   RTI-8  299   
10539-152H     315 307 215 
10539-152K   Fe3O4-CuO-Al2O  3 329   
10539-153A     314 322 225 

        
10539-155A 13 2 300 MnO2-CuO-Al2O3 152 -LiOH 

(100) 
0.30   

10539-155C  2    1.10 0.70 0.46 
10539-155F  2  Cu-ZnO-Al2O  3 23.6   
10539-155H  2    24.7 24.2 15.9 
10539-155K   ZnO-ZnTiO  3 2.00   
10539-156A     1.60 1.80 1.18 

1 Duplicate CuO exposure generated with Set 4. 
2 Material sulfided before mercury exposure. 
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Table G-3. Results for QC Samples Collected During Screening Studies in 
Wet Syngas 

Sample Code Set No. Amount Detected (ng) 

Average Amount 
Detected (ng), 

(RSD) 
10539-165A 1 221  
10539-165B  193  
10539-168A  153  
10539-168B  197 191 (14.8%) 

    
10539-172A 2 151  
10539-172B  173  
10539-174C  154  
10539-174D  199 169 (13.1%) 

    
10539-188A 3 117  
10539-188B  217  
10539-190E  126  
10539-190F  150 153 (29.6%) 

    
10539-191A 4 199  
10539-191B  197  
10539-192J  47.0  
10539-192K  112 139 (52.9%) 

    
10891-1A 5 238  
10891-1B  205 222 (16.8%) 

    
10891-3A 6 1 0.00  
10891-3B  298  
10891-5E  119  
10891-5F  235 217 (41.8%) 

    
10891-41A 7 209  
10891-41B  220  
10891-43E  158  
10891-43F  157 186 (17.9%) 

    
10891-56A 8 194  
10891-56B  185  
10891-57J  137  
10891-57K  164 170 (14.9%) 

    
10891-109A 9 SAMPLE LOST  
10891-109B  311  
10891-111A  204  
10891-111B  217 244 (23.9%) 

    
10891-114A 10 2 465  
10891-114B  2 525  
10891-116C  2 14.0  
10891-116D  2 12.0 254 (110%) 

    
10891-143A 11 374  
10891-143B  380  
10891-144I  272  
10891-144J  314 335 (15.4%) 
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Table G-3. Results for QC Samples Collected During Screening Studies in 
Wet Syngas (continued) 

Sample Code Set No. Amount Detected (ng) 

Average Amount 
Detected (ng), 

(RSD) 
10891-145A 12 470  
10891-145B  480  
10891-146J  248  
10891-146K  227 356 (38.6%) 

    
10891-153A 13 412  
10891-153B  342  
10891-154J  111  
10891-154K  164 257 (55.5%) 

    
10891-166A 14 531  
10891-166B  520  
10891-168A  206  
10891-168B  269 382 (44.1%) 

    
10891-169A 15 571  
10891-169B  585  
10891-170D  30.0  
10891-170E  59.0 311 (99.1%) 

    
10891-83A 16 216  
10891-83B  212  
10891-85C  162  
10891-85D  147 184 (19.0%) 

    
10891-88A 17 242  
10891-88B  252  
10891-89I  200  
10891-89J  188 221 (14.2%) 

    
10891-99A 18 246  
10891-99B  208  
10891-100J  140  
10891-100K  186 195 (22.7%) 

    
10891-104A 19 188  
10891-104B  221  
10891-105I  159  
10891-105J  151 180 (17.7%) 

    
10891-159A 20 486  
10891-159B  528  
10891-160J  SAMPLE LOST  
10891-160K  310 441 (26.2%) 

    
10891-157A 21 538  
10891-157B  462  
10891-158J  261  
10891-158K  327 397 (31.7%) 

1 Sample result not used to calculate average amount detected. 
2 QC sorbent was Frontier carbon. 
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Table G-4. Results from Screening Studies in Wet Syngas 

Sample 
Code Set # 

Exposure 
Temperature, 

(°C) Candidate Sorbent 

Amount (ng) 

Recovery 
(%) 

QC 
Result Retained 

Average 
Retained 

10539-166D 1 300 MnO2-CuO-Al2O3 191 -LiOH 0.00   
10539-167A   MnO2-CuO-Al2O3 191 -LiOH 0.00 0.00 0.00 
10539-167D   ZnS-ZnTiO 191 3 5.40   
10539-167F   ZnS-ZnTiO 191 3 7.20 6.30 3.30 
10539-167I   Cu-ZnO-Al2O 191 3 0.00   
10539-167K   Cu-ZnO-Al2O 191 3 0.00 0.00 0.00 

        
10539-173A 2 300 NiO-ZnAl2O 169 4 0.00   
10539-173C   NiO-ZnAl2O4 169 1.90 0.95 0.56 
10539-173F   Fe3O4-ZnAl2O4 169 (20%) 0.00   
10539-173H   Fe3O4-ZnAl2O4 169 (20%) 3.40 1.70 1.01 
10539-173K   Fe3O4-ZnAl2O4 169 (30%) 0.00   
10539-174A   Fe3O4-ZnAl2O4 169 (30%) 0.00 0.00 0.00 

        
10539-189A 3 300 Pt-Al2O 153 3 8.00   
10539-189C   Pt-Al2O 153 3 7.00 7.50 4.90 
10539-112G    Pt-Al2O3 153  monolith 35.0   
10539-114E    Pt-Al2O3 153  monolith 36.0 35.5 23.2 
10539-190A    Pt-Ni-Al2O 153 4 0.00   
10539-190C   Pt-Ni-Al2O 153 4 1.00 0.50 0.33 

        
10539-192A 4 300 RTI-8 139 12.1   
10539-192C   RTI-8 139 26.3 19.2 13.8 
10539-192F   Fe3O4-CuO-Al2O 139 3 0.00   
10539-192H   Fe3O4-CuO-Al2O 139 3 1.90 0.95 0.68 

        
10891-2A 5 300 RTI-8 repeat 222 15.0   
10891-2C   RTI-8 repeat 222 10.3 12.7 5.70 

        
10891-4A 6 300 Fe3O4-CuO-Al2O3 217 repeat 3.60   
10891-4C   Fe3O4-CuO-Al2O3 217 repeat 3.50 3.55 1.64 
10891-4F   V2O5-Al2O 217 3 0.00   
108914H   V2O5-Al2O 217 3 0.00 0.00 0.00 
10891-5A   Pd on Al2O 217 3 43.0   
10891-5C   Pd on Al2O 217 3 28.0 35.5 16.4 

        
10891-43A 7 300 MoS2-Al2O 186 3 0.00   
10891-43C   MoS2-Al2O 186 3 2.20 1.10 0.59 

        
10891-57A 8 300 Au-SiO 170 2 0.00   
10891-57C   Au-SiO 170 2 0.00 0.00 0.00 
10891-57F   Impregnated carbon 170 7.30   
10891-57F   Impregnated carbon 170 7.30 7.30 4.29 

        
10891-110C 9 300 Impregnated carbon 

repeat 
244 6.10   

10891-110E   Impregnated carbon 
repeat 

244 11.6 8.85 3.63 
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Table G-4. Results from Screening Studies in Wet Syngas (continued) 

Sample 
Code Set # 

Exposure 
Temperature 

(°C) Candidate Sorbent 

Amount (ng) 

Recovery 
(%) 

QC 
Result Retained 

Average 
Retained 

10891-115D 10 300 Impregnated carbon 
repeat 

254 16.9   

10891-115F   Impregnated carbon 
repeat 

254 3.50 10.2 4.02 

        
10891-144E 11 200 CBV 712 treated sieve 335 10.5   
10891-144G   CBV 712 treated sieve 335 9.68 10.1 3.01 

        
10891-146A 12 200 Ca-ZnO-Al2O 356 3 600   
10891-146C   Ca-ZnO-Al2O 356 3 600 600 169 
10891-146F   Nahcolite 356 29.0   
10891-146H   Nahcolite 356 29.0 29.0 8.15 

        
10891-154A 13 300 Ca-ZnO-Al2O 257 3 5.00   
10891-154C   Ca-ZnO-Al2O 257 3 19.0 12.0 4.67 
10891-154F   Nahcolite 257 0.00   
10891-154H   Nahcolite 257 0.00 0.00 0.00 

        
10891-167A 14 300 Fly ash 382 0.00   
10891-167C   Fly ash 382 0.00 0.00 0.00 
10891-167F   S-Activated carbon 382 0.00   
10891-167H   S-Activated carbon 382 0.00 0.00 0.00 

        
10891-169C 15 25 Fly ash 311 93.9   
10891-169E   Fly ash 311 60.8 77.4 24.9 
10891-169G   S-Activated carbon 311 221   
10891-170B   S-Activated carbon 311 197 209 67.2 

        
10891-84A 16 150 RTI-8 184 439   
10891-84C   RTI-8 184 434 437 237 
10891-84G   Impregnated carbon 184 545   
10891-85A   Impregnated carbon 184 479 512 278 

        
10891-89A 17 240 RTI-8 221 485   
10891-89C   RTI-8 221 465 475 215 
10891-89E   Impregnated carbon 221 485   
10891-89G   Impregnated carbon 221 380 433 196 

        
10891-100A 18 280 RTI-8 195 167   
10891-100C   RTI-8 195 95.0 131 67.2 
10891-100F   Impregnated carbon 195 577   
10891-100H   Impregnated carbon 195 496 537 275 

        
10891-105A 19 280 RTI-8 180 340   
10891-105C   RTI-8 180 162 251 139 
10891-105E   Impregnated carbon 180 542   
10891-105G   Impregnated carbon 180 332 437 243 
10891-160A 20 240 Ca-ZnO-Al2O 441 3 SAMPLE 

LOST 
  

10891-160C   Ca-ZnO-Al2O 441 3 SAMPLE 
LOST 

- - 

10891-160F   Nahcolite 441 7.70   
10891-160H   Nahcolite 441 8.12 7.91 1.79 

        
10891-158A 21 280 Ca-ZnO-Al2O 397 3 220   
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Table G-4. Results from Screening Studies in Wet Syngas (continued) 

Sample 
Code Set # 

Exposure 
Temperature 

(°C) Candidate Sorbent 

Amount (ng) 

Recovery 
(%) 

QC 
Result Retained 

Average 
Retained 

10891-158C   Ca-ZnO-Al2O 397 3 201 211 53.0 
10891-158F   Nahcolite 397 1.00   
10891-158H   Nahcolite 397 1.13 1.07 0.27 

G.3 Mercury Parametric Studies 
The same general approach that was used to expose the sorbents during the nitrogen and wet 

syngas screening studies was used for the parametric screening studies. Candidate sorbents were exposed 
in duplicate and were bracketed by daily QC samples to determine the amount of mercury in the test gas. 
Table G-5 shows the results for all QC samples generated during the parametric screening studies and the 
calculated daily averages and RSDs. As a general observation, the amount of mercury in the test gas as 
determined by the QC cartridge samples during the parametric screening study was similar to the nitrogen 
and wet syngas screening studies.  
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Table G-5. Results for QC Samples Collected During Parametric 
Screening Studies 

Sample Code Set No. 
Amount 

Detected (ng) 
Average Amount 

Detected (ng), (RSD) 
10891-8A 1 259  
10891-8B  285  

10891-10E  240  
10891-10F  221 251 (10.8%) 

    
10891-13A 2 265  
10891-13B  247  
10891-15C  218  
10891-15D  269 250 (9.3%) 

    
10891-16A 3 239  
10891-16B  218  
10891-18E  216  
10891-18F  224 224 (4.6%) 

    
10891-19A 4 253  
10891-19B  202  
10891-21C  205  
10891-21D  162 206 (18.1%) 

    
10891-47A 5 215  
10891-47B  196  
10891-49E  183  
10891-49F  207 200 (6.9%) 

    
10891-50A 6 208  
10891-50B  134  
10891-52F  172  
10891-52G  186 175 (17.8%) 

    
10891-60A 7 230  
10891-60B  160  
10891-62E  169  
10891-62F  168 182 (17.8%) 

    
10891-63A 8 224  
10891-63B  158  
10891-65C  177  
10891-65D  171 183 (15.8%) 

    
10891-68A 9 217  
10891-68B  195  
10891-70F  134  
10891-70G  178 181 (19.4%) 

    
10891-124A 10 226  
10891-124B  SAMPLE LOST  
10891-125I  413  
10891-125J  396 345 (45.2%) 

    
10891-131A 11 506  
10891-131B  319  
10891-133A  471  
10891-133B  442 435 (18.7%) 
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Table G-5. Results for QC Samples Collected During Parametric 
Screening Studies (continued) 

Sample Code Set No. 
Amount 

Detected (ng) 
Average Amount 

Detected (ng), (RSD) 
10891-134A 12 450  
10891-134B  433  
10891-135I  384  
10891-135J  463 433 (10.0%) 

    
10891-143A 13 374  
10891-143B  380  
10891-144I  272  
10891-144J  314 335 (14.9%) 

    
10891-149A 14 489  
10891-149B  500  
10891-150J  369  
10891-150K  338 424 (19.5%) 

    
10891-34A 15 201  
10891-34B  223  
10891-36C  180  
10891-36D  175 195 (11.3%) 

    
10891-37A 16 227  
10891-37B  192  
10891-38I  204  
10891-38J  180 201 (9.99%) 

    
10891-71A 17 184  
10891-71B  153  
10891-73C  160  
10891-73D  181 170 (9.0%) 

    
10891-74A 18 246  
10891-74B  192  
10891-76C  219  
10891-76D  197 214 (11.5%) 

    
10891-79A 19 236  
10891-79B  235  
10891-80I  215 229 (5.2%) 

Results from the parametric screening study showing the amount of mercury retained on the 
candidate sorbent using various exposure conditions are presented in Table G-6. As with the nitrogen and 
wet syngas screening studies, the average amount determined for each set of QC samples (Table G-5) was 
used to calculate the percentage of mercury in the test gas stream retained on the candidate sorbent. 



 Appendix G. Hg and As Data 

G-12 

Table G-6. Results from Parametric Screening Studies 
    Amount (ng)  

Sample 
Code 

Set 
# Exposure Conditions Candidate Sorbent 

QC 
Result Retained 

Average 
Retained 

Recovery 
(%) 

10891-9A    251 22.9   
10891-9C  Dry clean syngas at 300°C MnO2-CuO-Al2O3 251 -LiOH 24.9 23.9 9.5 
10891-9E  Wet clean syngas at 300°C MnO2-CuO-Al2O3 251 -LiOH 20.3   
10891-9G  Wet clean syngas at 300°C MnO2-CuO-Al2O3 251 -LiOH 9.10 14.7 5.9 
10891-10A  Wet clean syngas at 300°C Cu-ZnO-Al2O 251 3 1.00   
10891-10C  Wet clean syngas at 300°C Cu-ZnO-Al2O 251 3 1.90 1.45 0.6 

        
10891-14A 2 Dry clean syngas at 300°C Cu-ZnO-Al2O 250 3 6.30   
10891-14C  Dry clean syngas at 300°C Cu-ZnO-Al2O 250 3 4.00 5.15 2.1 
10891-14F  Dry clean syngas at 300°C RTI-3 250 0.00   
10891-14H  Dry clean syngas at 300°C RTI-3 250 0.00 0.00 0.0 
10891-14J  Wet clean syngas at 300°C RTI-3 250 0.00   
10891-15A  Wet clean syngas at 300°C RTI-3 250 0.00 0.00 0.0 

        
10891-17A 3 Dry clean syngas at 300°C Pt-Al2O3 224  monolith 8.75   
10891-17C  Dry clean syngas at 300°C Pt-Al2O3 224  monolith 6.95 7.85 3.5 
10891-17E  Wet clean syngas at 300°C Pt-Al2O3 224  monolith 6.83   
10891-17G  Wet clean syngas at 300°C Pt-Al2O3 224  monolith 7.67 7.25 3.2 
10891-18A  Wet clean syngas at 300°C Fe2O3-ZnAl2O 224 4 0.00   
10891-18C  Wet clean syngas at 300°C Fe2O3-ZnAl2O 224 4 0.00 0.00 0.0 

        
10891-20A 4 Dry clean syngas at 300°C Fe2O3-ZnAl2O 206 4 0.00   
10891-20C  Dry clean syngas at 300°C Fe2O3-ZnAl2O 206 4 0.00 0.00 0.0 
10891-20F  Dry clean syngas at 300°C RTI-8 206 129   
10891-20H  Dry clean syngas at 300°C RTI-8 206 104 117 56.6 
10891-20J  Wet clean syngas at 300°C RTI-8 206 106   
10891-21A  Wet clean syngas at 300°C RTI-8 206 128 117 56.8 

        
10891-48A 5 Wet clean syngas at 300°C RTI-8 200 154   
10891-48C  Wet clean syngas at 300°C RTI-8 200 143 149 74.3 
10891-48F  Wet clean syngas at 300°C Fe3O4-CuO-Al2O 200 3 8.03   
10891-48H  Wet clean syngas at 300°C Fe3O4-CuO-Al2O 200 3 8.93 8.48 4.2 
10891-49A  Wet clean syngas at 300°C MoS2-Al2O 200 3 0.00   
10891-49C  Wet clean syngas at 300°C MoS2-Al2O 200 3 0.00 0.00 0.0 

        
10891-51B 6 Wet clean syngas at 300°C RTI-8 175 1 29.5   
10891-51D  Wet clean syngas at 300°C RTI-8 175 1 18.5 24.0 13.7 
10891-51G  Wet clean syngas at 300°C Au-SiO 175 2 0.00   
10891-51I  Wet clean syngas at 300°C Au-SiO 175 2 1.22 0.61 0.3 
10891-52B  Wet clean syngas at 300°C Impregnated carbon 175 298   
10891-52D  Wet clean syngas at 300°C Impregnated carbon 175 298 298 170 

        
10891-62A 7 Wet clean syngas at 300°C RTI-8 182 1 7.20   
10891-62C  Wet clean syngas at 300°C RTI-8 182 1 2.73 4.97 2.7 

        
10891-64A 8 Dry clean syngas at 300°C Impregnated carbon 183 366   
10891-64C  Dry clean syngas at 300°C Impregnated carbon 183 314 340 186 
10891-64E  Dry clean syngas at 300°C RTI-8 183 72.9   
10891-64G  Dry clean syngas at 300°C RTI-8 183 73.4 73.2 40.0 
10891-64I  Wet clean syngas at 300°C Impregnated carbon 183 371   
10891-65A  Wet clean syngas at 300°C Impregnated carbon 183 362 367 200 

        
10891-69A 9 Dry clean syngas at 300°C Impregnated carbon 181 367   
10891-69C  Dry clean syngas at 300°C Impregnated carbon 181 351 359 198 
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Table G-7. Results from Parametric Screening Studies (continued) 
    Amount (ng)  

Sample 
Code 

Set 
# Exposure Conditions Candidate Sorbent 

QC 
Result Retained 

Average 
Retained 

Recovery 
(%) 

10891-125A 10 Wet syngas (41 ppm H2 RTI-8 S) at 
300°C 

345 SAMPLE 
LOST 

  

10891-125C  Wet syngas (41 ppm H2 RTI-8 S) at 
300°C 

345 SAMPLE 
LOST 

- - 

10891-125E  Wet syngas (41 ppm H2 Impregnated carbon S) at 
300°C 

345 SAMPLE 
LOST 

  

10891-125G  Wet syngas (41 ppm H2 Impregnated carbon S) at 
300°C 

345 SAMPLE 
LOST 

- - 

        
10891-132B 11 Wet syngas (41 ppm H2 RTI-8 S) at 

300°C 
435 231   

10891-132D  Wet syngas (41 ppm H2 RTI-8 S) at 
300°C 

435 253 242 55.6 

10891-132G  Wet syngas (41 ppm H2 Impregnated carbon S) at 
300°C 

435 520   

10891-132I  Wet syngas (41 ppm H2 Impregnated carbon S) at 
300°C 

435 520 520 120 

10891-135A 12 Wet syngas (9.1 ppm H2 RTI-8 S) at 
300°C 

433 355   

10891-135C  Wet syngas (9.1 ppm H2 RTI-8 S) at 
300°C 

433 365 360 83.1 

10891-135E  Wet syngas (9.1 ppm H2 Impregnated carbon S) at 
300°C 

433 520   

10891-135G  Wet syngas (9.1 ppm H2 Impregnated carbon S) at 
300°C 

433 437 479 111 

10891-144A 13 Wet clean syngas at 200°C CBV 712 treated sieve 335 0.00   
10891-144C  Wet clean syngas at 200°C CBV 712 treated sieve 335 0.00 0.00 0.0 

        
10891-150A 14 Wet clean syngas at 200°C Ca-ZnO-Al2O 424 3 0.00   
10891-150C  Wet clean syngas at 200°C Ca-ZnO-Al2O 424 3 0.00 0.00 0.0 
10891-150F  Wet clean syngas at 200°C Nahcolite 424 14.0   
10891-150H  Wet clean syngas at 200°C Nahcolite 424 1.00 7.50 1.8 

        
10891-35D 15 Wet clean syngas at 150°C MnO2-CuO-Al2O3 195 -LiOH 238   
10891-35F  Wet clean syngas at 150°C MnO2-CuO-Al2O3 195 -LiOH 230 234 120 
10891-35I  Wet clean syngas at 150°C Pt-Al2O3 195  monolith 245   
10891-36A  Wet clean syngas at 150°C Pt-Al2O3 195  monolith 224 235 120 

        
10891-37E 16 Wet clean syngas at 150°C MoS2-Al2O 201 3 109   
10891-38A  Wet clean syngas at 150°C MoS2-Al2O 201 3 98.9 104 51.7 
10891-38E  Wet clean syngas at 150°C Pd on Al2O 201 3 341   
10891-38G  Wet clean syngas at 150°C Pd on Al2O 201 3 327 334 166 

        
10891-72A 17 Wet clean syngas at 150°C Au-SiO 170 2 66.7   
10891-72C  Wet clean syngas at 150°C Au-SiO 170 2 46.9 56.8 33.4 
10891-72F  Wet clean syngas at 150°C Impregnated carbon 170 372   
10891-72H  Wet clean syngas at 150°C Impregnated carbon 170 364 368 216 
10891-72K  Wet clean syngas at 150°C RTI-8 170 352   
10891-73A  Wet clean syngas at 150°C RTI-8 170 332 342 201 

        
10891-75A 18 Wet clean syngas at 150°C Cu-ZnO-Al2O 214 3 329   
10891-75C  Wet clean syngas at 150°C Cu-ZnO-Al2O 214 3 348 339 158 
10891-75F  Wet clean syngas at 150°C Fe3O4-CuO-Al2O 214 3 291   
10891-75H  Wet clean syngas at 150°C Fe3O4-CuO-Al2O 214 3 287 289 135 
 



 Appendix G. Hg and As Data 

G-14 

Table G-8. Results from Parametric Screening Studies (continued) 
    Amount (ng)  

Sample 
Code 

Set 
# Exposure Conditions Candidate Sorbent 

QC 
Result Retained 

Average 
Retained 

Recovery 
(%) 

        
10891-80A 19 Wet clean syngas at 400°C RTI-8 229 8.72   
10891-80C  Wet clean syngas at 400°C RTI-8 229 7.23 7.98 3.5 
10891-80E  Wet clean syngas at 400°C Impregnated carbon 229 1.00   
10891-80G  Wet clean syngas at 400°C Impregnated carbon 229 4.40 2.70 1.2 
1 Sorbent reduced before exposing to mercury. 

G.4 Mercury Capacity Study Results 
Results from the mercury capacity testing are shown in Table G-9. This table is divided into 

sections showing the results for 14 individual capacity tests. Each section starts with a header showing the 
sorbent tested and details about the actual exposure. Note that the amount of mercury retained on the 
exposed sorbent was only determined for a select number of capacity tests for reasons that will be 
discussed later. Below the header information are the results from the backup QC samples collected 
during the exposure and the estimated mercury capacity. The QC sample code and the time between the 
start of the exposure and the time that the QC sample was collected are shown in the first two columns. 
The next column shows the permeation rate for each exposure, which was determined using a method 
similar to that used during the screening studies. That is, QC samples were collected at the outlet of an 
empty exposure chamber before the start of the test and the analysis results from these samples were used 
to calculate the permeation rate for each exposure. Sampling times for each QC sample are shown in the 
next column followed by the amount expected on the QC sample downstream of the candidate sorbent if 
100 percent of the mercury passed through the sorbent completely unretained. The amount shown in the 
next column is the actual amount detected on the QC sample, which is the amount of mercury not retained 
by the candidate sorbent. The percent of mercury retained on the candidate sorbent (or removed from the 
gas stream) is shown in the next column. The final column shows mercury capacities, which were 
estimated by calculating the amount of mercury loaded onto the candidate sorbent at the exposure time of 
the QC sampling that was closest to the point that corresponded to 90 percent removal (or 10 percent 
mercury breakthrough). This calculated amount was then compared to the original weight of sorbent 
loaded in the exposure chamber and the result of this comparison was expressed in weight percent 
(wt. %). 

Some general observations about the mercury capacity testing are important to understand the 
importance of the information supplied in Table G-9. It was mentioned earlier that not all of the exposed 
sorbents were analyzed at the completion of each test. This was because of the complexities involved with 
quantitatively recovering mercury from the types of sorbents studied. For example, capacity tests 
performed on the impregnated carbon sorbent required a specialized digestion and analysis technique that 
is only performed in-house by the supplier of the material. Unfortunately, even for the limited number of 
exposed carbon samples that were returned to the supplier for mercury determinations, the analysis results 
indicated that the amount of mercury detected was much lower than expected. Attempts at quantitatively 
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recovering mercury from the mixed metal oxides at RTI also proved to be difficult because of problems 
encountered during both the digestion and analysis steps. For these reasons, attempts at estimating the 
overall mass balance for each exposure using the analysis results from the exposed material and the 
amount of mercury breakthrough estimated from the QC cartridge results produced material recoveries 
that were sometimes well above and at other times well below what was expected. 

Problems encountered with the mass balance determination were due not only to the uncertainty 
of the analysis result for the exposed material but also the method used to estimate the amount of mercury 
that was not retained by the material. The unretained amount was calculated by plotting the results of the 
QC cartridge samples and then manually integrating the area underneath the curve, which represented the 
amount of mercury that broke through the candidate sorbent. Because QC samples were only collected 
during normal business hours, there were large gaps of time between some of the sampling points, which 
may have led to estimates of the total amount of mercury not retained by the candidate sorbent that were 
either higher or lower than the actual amount. For example, if large periods of time between sampling 
points occurred early in the exposure when the candidate sorbent was removing a majority of the mercury 
from the test gas then the amount of mercury estimated in the effluent determined by the QC sample 
result, which is subtracted from the theoretical amount loaded, would be a smaller percentage as 
compared to that theoretical amount. However, if an insufficient number of samples were collected during 
the critical period that defined the breakthrough curve then the total amount of mercury not retained by 
candidate sorbent (again, subtracted from the theoretical loading) would be larger, thus impacting the total 
amount expected to a larger degree. The inherent problem with determining the amount of mercury not 
retained on the candidate sorbent using the QC cartridge sampling approach could have been minimized 
by stopping each capacity test as soon as the QC sample indicated that 10 percent breakthrough had 
occurred. That way, the amount of mercury that was not retained by the candidate material would always 
be much smaller compared to the amount retained and any biases in the unretained amount would be 
insignificant when calculating the mass balance. Instead of stopping the capacity test at 10 percent 
breakthrough, a decision was made to continue the exposure for most tests so that the total time to 
complete saturation could be estimated. The complete saturation point was targeted for two reasons: to 
estimate the capacity to full saturation and as a measure of the mercury concentration in the test gas 
during the actual capacity exposure. The complete saturation point was reached for some but not all of the 
capacity exposures. 
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Table G-9. Mercury Capacity Test Results  
Sorbent: Impregnated carbon 
Exposure Conditions: Dirty wet syngas at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.1 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.0000699 g 
Capacity test mass balance: Not determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

10891-175F 0 53.3 3 160 1.3 99.2 - 
10891-175G 10 53.3 3 160 1.7 98.9 - 
10891-175H 20 53.3 3 160 0.00 100 - 
10891-175I 30 53.3 30 1600 14.0 91.3 - 
10891-176A 60 53.3 30 1600 10.6 93.4 - 
10891-176B 385 53.3 30 1600 143 91.1 0.021 
10891-177A 1055 53.3 30 1600 442 72.4 - 
10891-177B 1380 53.3 30 1600 NA - - 
10891-177C 1415 53.3 30 1600 NA - - 

 
Sorbent: Impregnated carbon 
Exposure Conditions: Dirty wet syngas at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.092 g 

Amount of mercury retained: 0.000000078 g 
Theoretical amount loaded: 0.0000570 g 
Capacity test mass balance: 0.14 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

10891-183B 0 33.7 30 1011 8.61 99.1 - 
10891-183C 60 33.7 30 1011 8.00 99.2 - 
10891-183D 120 33.7 30 1011 2.26 99.8 - 
10891-183E 180 33.7 30 1011 3.19 99.7 - 
10891-183F 240 33.7 30 1011 8.21 99.2 - 
10891-183G 300 33.7 30 1011 10.5 99.0 - 
10891-183H 360 33.7 30 1011 15.9 98.4 - 
10891-184A 420 33.7 30 1011 0.000 100 - 
10891-184B 480 33.7 30 1011 32.7 96.8 - 
10891-184C 540 33.7 30 1011 0.000 100 - 
10891-184D 570 33.7 3 101 1.43 98.6 - 
10891-184E 600 33.7 30 1011 36.2 96.4 - 
10891-184F 630 33.7 3 101 2.28 97.7 - 
10891-184G 660 33.7 30 1011 42.6 95.8 - 
10891-185A 1440 33.7 3 101 13.1 87.0 0.053 
10891-185B 1500 33.7 3 101 14.9 85.2 - 
10891-184D 1560 33.7 3 101 13.6 86.5 - 
10891-184E 1620 33.7 3 101 15.6 84.6 - 
10891-184F 1680 33.7 3 101 18.9 81.3 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: Impregnated carbon 
Exposure Conditions: Dirty wet syngas at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.093 g 

Amount of mercury retained: 0.00000019 g 
Theoretical amount loaded: 0.000103 g 
Capacity test mass balance: 0.18 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

10891-193B 0 24.7 5 124 3.83 96.9 - 
10891-193D 60 24.7 5 124 0.89 99.3 - 
10891-193F 120 24.7 5 124 0.38 99.7 - 
10891-194B 180 24.7 5 124 0.04 100 - 
10891-194D 240 24.7 5 124 0.30 99.8 - 
10891-194G 300 24.7 5 124 1.39 98.9 - 
10891-194I 360 24.7 5 124 LOST - - 
10891-195B 420 24.7 5 124 LOST - - 
10891-195D 600 24.7 5 124 6.47 94.8 - 
10891-195F 780 24.7 5 124 13.9 88.8 0.021 
10891-196A 1350 24.7 5 124 19.2 84.5 - 
10891-196C 1440 24.7 5 124 18.8 84.8 - 
10891-196E 1560 24.7 5 124 17.5 85.9 - 
10891-196G 1680 24.7 5 124 14.4 88.4 - 
10891-196I 1980 24.7 5 124 20.5 83.5 - 
10891-197A 2880 24.7 5 124 38.4 69.0 - 
10891-197C 4380 24.7 5 124 50.7 59.1 - 
10891-197E 5760 24.7 5 124 64.4 48.1 - 

 
Sorbent: RTI-8 
Exposure Conditions: Clean wet syngas at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.242 g 

Amount of mercury retained: 0.00000450 g 
Theoretical amount loaded: 0.00000398 g 
Capacity test mass balance: 113 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-7D 0 22.6 5 113 0.86 99.2 - 
11281-7E 60 22.6 5 113 20.9 81.5 0.00056 
11281-7G 120 22.6 5 113 63.9 43.5 - 
11281-8A 180 22.6 5 113 63.2 44.1 - 
11281-8D 240 22.6 5 113 86.0 23.9 - 
11281-8F 380 22.6 5 113 103 6.2 - 
11281-8H 630 22.6 5 113 112 0.9 - 
11281-9A 1320 22.6 5 113 113 0.0 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: RTI-8 
Exposure Conditions: CO2 + Wet N2 at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.247 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.0000114 g 
Capacity test mass balance: Not Determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-14E 0 19.6 5 98.0 1.73 98.2 - 
11281-14F 30 19.6 5 98.0 3.3 96.6 - 
11281-15B 60 19.6 5 98.0 4.3 95.6 - 
11281-15D 120 19.6 5 98.0 12.8 86.9 0.00095 
11281-15F 180 19.6 5 98.0 21.3 78.3 - 
11281-15H 240 19.6 5 98.0 29.5 69.9 - 
11281-16A 300 19.6 5 98.0 39.9 59.3 - 
11281-16C 360 19.6 5 98.0 54.2 44.7 - 
11281-16E 420 19.6 5 98.0 63.5 35.2 - 
11281-17A 1380 19.6 5 98.0 87.3 10.9 - 

 
Sorbent: Impregnated Carbon 
Exposure Conditions: CO2 + Wet N2 at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.104 g 

Amount of mercury retained: 0.0000491 g 
Theoretical amount loaded: 0.000104 g 
Capacity test mass balance: 47.2 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-20D 0 17.8 5 89.0 3.32 96.3 - 
11281-20F 60 17.8 5 89.0 1.16 98.7 - 
11281-21B 120 17.8 5 89.0 0.57 99.4 - 
11281-21D 180 17.8 5 89.0 0.50 99.4 - 
11281-21F 240 17.8 5 89.0 0.23 99.7 - 
11281-21I 300 17.8 5 89.0 1.70 98.1 - 
11281-22A 420 17.8 5 89.0 0.00 100 - 
11281-22C 660 17.8 5 89.0 0.00 100 - 
11281-23A 1380 17.8 5 89.0 0.00 100 - 
11281-23C 1620 17.8 5 89.0 1.51 98.3 - 
11281-23E 1860 17.8 5 89.0 0.00 100 - 
11281-24A 2940 17.8 5 89.0 0.35 99.6 - 
11281-24C 3120 17.8 5 89.0 0.27 99.7 - 
11281-24E 3300 17.8 5 89.0 0.00 100 - 
11281-25A 4320 17.8 5 89.0 21.4 76.0 0.074 
11281-25C 4620 17.8 5 89.0 26.0 70.8 - 
11281-25E 4920 17.8 5 89.0 40.4 54.6 - 
11281-26A 5700 17.8 5 89.0 41.1 76.3 - 
11281-26C 6180 17.8 5 89.0 37.9 57.4 - 
11281-26E 7260 17.8 5 89.0 44.7 49.8 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: Impregnated Carbon 
Exposure Conditions: Clean wet syngas at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.118 g 

Amount of mercury retained: 0.0000148 g 
Theoretical amount loaded: 0.000107 g 
Capacity test mass balance: 13.8 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-28B 0 15.5 5 77.5 0.00 100 - 
11281-29A 600 15.5 5 77.5 0.00 100 - 
11281-29C 900 15.5 5 77.5 0.00 100 - 
11281-31A 2520 15.5 5 77.5 0.00 100 - 
11281-32A 3420 15.5 5 77.5 9.57 87.7 0.045 
11281-32C 3480 15.5 5 77.5 12.2 84.3 - 
11281-32F 3660 15.5 5 77.5 17.1 77.9 - 
11281-32H 3960 15.5 5 77.5 21.4 72.4 - 
11281-32J 4080 15.5 5 77.5 22.1 71.5 - 
11281-33A 4920 15.5 5 77.5 29.7 61.7 - 
11281-33C 5100 15.5 5 77.5 24.8 68.0 - 
11281-33E 5400 15.5 5 77.5 31.9 58.8 - 
11281-34A 6480 15.5 5 77.5 31.4 59.5 - 
11281-34C 7920 15.5 5 77.5 38.1 50.8 - 
11281-34E 9360 15.5 5 77.5 37.8 51.2 - 

 
Sorbent: RTI-8 
Exposure Conditions: Dirty Wet Syngas at 240°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.304 g 

Amount of mercury retained: 0.000000938 g 
Theoretical amount loaded: 0.0000248 g 
Capacity test mass balance: 3.78 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-41E 0 84.2 5 421 0.00 100 - 
11281-42A 30 84.2 5 421 470 0.0 NC 
11281-42D 60 84.2 5 421 502 0.0 - 
11281-42E 90 84.2 5 421 450 0.0 - 
11281-43D 300 84.2 5 421 377 10.5  
11281-43G 360 84.2 5 421 302 28.3 - 
11281-43I 420 84.2 5 421 354 15.9 - 
11281-44A 1410 84.2 5 421 289 31.4 - 
11281-44C 1500 84.2 5 421 297 29.5 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: RTI-8 
Exposure Conditions: CO2 + Wet N2 at 200°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.271 g 

Amount of mercury retained: 0.0000584 g 
Theoretical amount loaded: 0.0000243 g 
Capacity test mass balance: 240 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-48E 0 27.0 5 135 4.76 96.5 - 
11281-48F 30 27.0 5 135 8.86 93.4 - 
11281-49B 60 27.0 5 135 5.42 96.0 - 
11281-49D 90 27.0 5 135 6.26 95.4 - 
11281-49F 120 27.0 5 135 11.0 91.9 - 
11281-49H 180 27.0 5 135 14.1 89.6 0.0018 
11281-50A 240 27.0 5 135 21.8 83.9 - 
11281-50D 300 27.0 5 135 28.8 78.7 - 
11281-50F 360 27.0 5 135 31.6 76.6 - 
11281-50H 420 27.0 5 135 39.5 70.7 - 
11281-51A 1440 27.0 5 135 132 2.22 - 
11281-51D 1560 27.0 5 135 92.7 31.3 - 
11281-51F 1740 27.0 5 135 135 0.00 - 

 
Sorbent: Impregnated carbon 
Exposure Conditions: Dirty wet syngas at 200°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.104 g 

Amount of mercury retained: 0.0000713 g 
Theoretical amount loaded: 0.000191 g 
Capacity test mass balance: 37.3 % 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-54E 0 34.0 5 170 0.72 99.6 - 
11281-55A 180 33.7 5 166 1.78 98.9 - 
11281-55D 360 33.5 5 167 0.00 100 - 
11281-55F 600 33.1 5 166 0.00 100 - 
11281-56A 1200 32.2 5 161 0.00 100 - 
11281-56C 1440 31.9 5 159 0.00 100 - 
11281-56E 1620 31.6 5 158 0.00 100 - 
11281-56G 1800 31.4 5 157 1.20 99.2 - 
11281-57A 2700 30.0 5 150 0.35 99.8 - 
11281-57D 2940 29.7 5 148 0.00 100 - 
11281-57F 3060 29.5 5 148 3.25 97.8 - 
11281-58A 4140 27.9 5 140 28.7 79.5 0.11 
11281-58D 4320 27.6 5 138 30.0 78.3 - 
11281-58E 4500 27.4 5 137 34.0 75.2 - 
11281-59A 5580 25.8 5 129 49.0 62.0 - 
11281-59C 6120 25.0 5 125 66.6 48.7 - 
11281-59E 7515 23.0 5 115 67.3 41.4 - 
11281-60A 8460 21.6 5 108 68.2 36.8 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: Coconut shell charcoal 
Exposure Conditions: Dirty wet syngas at 200°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.105 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.00 g 
Capacity test mass balance: Not determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-62D 0 21.0 5 105 4.69 95.5 - 
11281-62F 60 21.0 5 105 74.7 28.9 NC 
11281-63C 240 21.0 5 105 84.0 20.0 - 
11281-63E 420 21.0 5 105 71.2 32.2 - 
11281-64B 1380 21.0 5 105 86.8 17.3 - 
11281-64C 1740 21.0 5 105 80.2 23.6 - 

 
Sorbent: Impregnated Carbon 
Exposure Conditions: CO2 + Wet N2 at 380°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.114 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.000177 g 
Capacity test mass balance: Not determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-81E 0 46.0 5 230 23.8 89.7 - 
11281-81F 60 46.0 5 230 16.1 93.0 - 
11281-82B 120 46.0 5 230 21.3 90.7 - 
11281-82D 195 46.0 5 230 14.3 93.8 - 
11281-82F 240 46.0 5 230 17.4 92.4 - 
11281-82I 300 46.0 5 230 19.2 91.7 - 
11281-83A 360 46.0 5 230 21.9 90.5 - 
11281-83C 420 46.0 5 230 25.2 89.0 0.017 
11281-84A 1440 46.0 5 230 48.2 79.0 - 
11281-84C 1620 46.0 5 230 63.2 72.5 - 
11281-84E 1800 46.0 5 230 68.5 70.2 - 
11281-85A 3030 46.0 5 230 95.1 58.7 - 
11281-85C 4380 46.0 5 230 104 54.8 - 
11281-86A 5730 46.0 5 230 93.8 59.2 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: Impregnated Carbon 
Exposure Conditions: Clean wet syngas at 200°C, GHSV = 30,000 hr
Amount of sorbent exposed: 

-1 
0.112 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.000285 g 
Capacity test mass balance: Not determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-92F 0 142 3 426 17.0 96.0 - 
11281-93A 60 142 3 426 29.2 93.1 - 
11281-93C 180 142 3 424 0.00 100 - 
11281-93E 300 141 3 423 0.00 100 - 
11281-94A 1200 139 3 415 5.10 98.8 - 
11281-94D 1440 138 3 413 10.9 97.4 - 
11281-94F 1500 138 3 413 30.9 92.5 0.18 
11281-94I 1620 137 3 412 84.8 79.4 - 
11281-95A 1740 137 3 411 151 63.2 - 
11281-95C 1920 136 3 409 248 39.37 - 
11281-96A 2640 134 3 403 360 10.6 - 
11281-96D 3060 133 3 399 429 0.00 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: Impregnated Carbon 
Exposure Conditions: Clean wet syngas at 200°C, GHSV = 5,000 hr
Amount of sorbent exposed: 

-1 
0.807 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.00211 g 
Capacity test mass balance: Not determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-99B 0 183 3 550 3.01 99.5 - 
11281-99C 60 183 3 549 0.79 99.9 - 
11281-99E 180 183 3 548 0.00 100 - 
11281-99G 480 181 3 543 0.00 100 - 
11281-100A 1380 177 3 531 0.00 100 - 
11281-100D 1860 175 3 524 0.00 100 - 
11281-100F 2820 170 3 511 0.00 100 - 
11281-100H 3300 168 3 504 0.00 100 - 
11281-101A 4200 164 3 492 0.00 100 - 
11281-101C 4740 162 3 485 0.00 100 - 
11281-101E 5700 157 3 471 0.00 100 - 
11281-101G 6420 154 3 461 0.00 100 - 
11281-102A 7140 150 3 451 0.00 100 - 
11281-102D 7620 148 3 445 0.00 100 - 
11281-103A 8580 144 3 432 0.00 100 - 
11281-103C 8760 143 3 429 1.32 99.7 - 
11281-103E 9060 142 3 425 0.00 100 - 
11281-104A 10020 137 3 412 16.3 96.0 - 
11281-104C 10200 136 3 409 44.3 89.2 0.17 
11281-104E 10380 136 3 407 85.6 79.0 - 
11281-104G 10560 135 3 404 142 64.9 - 
11281-105A 11460 131 3 392 284 27.5 - 
11281-105C 11760 129 3 388 371 4.31 - 
11281-106A 12900 124 3 372 364 2.15 - 
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Table G-7. Mercury Capacity Test Results (continued) 
Sorbent: RTI-8 
Exposure Conditions: Clean wet syngas at 200°C, GHSV = 5,000 hr
Amount of sorbent exposed: 

-1 
1.61 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.00172 g 
Capacity test mass balance: Not determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-127F 0 127 3 380 122 67.9 - 
11281-129A 1320 126 3 378 0.00 100 - 
11281-131C 2760 125 3 375 0.00 100 - 
11281-133A 4320 124 3 372 0.00 100 - 
11281-134B 5580 123 3 370 0.00 100 - 
11281-134D 10080 120 3 361 29.2 91.9 0.075 
11281-135A 11400 120 3 359 74.4 79.3 - 
11281-136A 12900 119 3 356 132 63.0 - 
11281-136E 14280 118 3 354 178 49.7 - 
11281-137A 15780 117 3 351 193 45.0 - 

 
Sorbent: CuO-ZnAl2O
Exposure Conditions: 

4 
Clean wet syngas at 200°C, GHSV = 5,000 hr

Amount of sorbent exposed: 

-1 
1.32 g 

Amount of mercury retained: NA 
Theoretical amount loaded: 0.00193 g 
Capacity test mass balance: Not determined 
Capacity calculation: 

    Amount (ng)   

Sample Code 
Exposure 
Time (min) 

Permeation 
Rate 

(ng/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11281-147A 0 146 3 439 340 22.6 - 
11281-147D 60 146 3 438 0.00 100 - 
11281-147F 120 146 3 438 0.00 100 - 
11281-147H 240 146 3 437 1.00 99.8 - 
11281-148B 360 145 3 435 0.00 100 - 
11281-148D 1320 142 3 425 0.00 100 - 
11281-148F 3120 136 3 407 0.00 100 - 
11281-149A 4380 131 3 394 0.00 100 - 
11281-149C 5820 126 3 379 5.83 98.5 - 
11281-149E 7500 121 3 362 84.6 76.6 0.069 
11281-149G 10320 111 3 333 313 6.11 - 
11281-150A 11820 106 3 318 313 1.57 - 
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Table G-10. Arsine Retention in Clean Wet Syngas at 250°C 

  Amount Detected (µg)  

Sample Code Candidate Sorbent Sorbent 
Backup 
Sample Total 

Recovery 
(%)1 

11404-93D RTI Arsenic Sorbent A 86.3 0.8 87.1 87.1 
11404-93H  81.0 1.3 82.3 82.3 
11404-84D RTI-8 91.0 1.6 92.6 92.6 
11404-84H  86.2 1.4 87.6 87.6 
11404-85D Sud-Chemie Sample A 93.6 0.0 93.6 93.6 
11404-85H  86.9 0.0 86.9 86.9 
11404-86A RTI-3 99.8 0.0 99.8 99.8 
11404-86E  91.5 0.0 91.5 91.5 
11404-79H CuO-ZnO-ZnAl2O 99.6 4 0.2 99.8 99.8 
11404-80A  94.0 0.0 94.0 94.0 
11404-87D Ag-AgO2-Al2O3 87.0 2 0.0 87.0 87.0 
11404-87H  90.0 0.0 90.0 90.0 
11404-88A Sud-Chemie Sample I 29.9 2 30.8 60.7 60.7 
11404-88E  37.1 32.1 69.2 69.2 
11404-91D Fe3O4-MnO-Al2O 51.8 3 0.4 52.2 52.2 
11404-91H  57.2 0.7 57.9 57.9 
11404-92A CoO-Mo3O4-MnO-K2CO3 ND -LaO - - - 
11404-92E  ND - - - 

ND = Not determined. Mo component of the sorbent interfered with As spectral line. 
1 Recovery based on a theoretical loading of 100 µg. 
2 Precipitant formed during digestion of this set of sorbents, which may have affected amount detected. 

 
Table G-11. Arsine Retention in Dirty Wet Syngas at 250°C 

Sample Code Candidate Sorbent 

Amount Detected (µg) 

Recovery 
(%)1 Sorbent 

Backup 
Sample Total 

11404-132D RTI Arsenic Sorbent A 83.5 NR - - 
11404-133A  82.7 NR - - 
11404-181A Sulfided RTI Arsenic Sorbent A 84.6 NR - - 
11404-182C  84.2 NR - - 
11404-127A RTI-8 96.0 NR - - 
11404-127C  97.4 NR - - 
11404-183C Sulfided RTI-8 83.9 NR - - 
11404-184A  79.1 NR - - 
11404-98D RTI-3 92.5 NR - - 
11404-98H  79.6 NR - - 

11404-163C Sulfided RTI-3 27.1 NR - - 
11404-163D  44.8 NR - - 
11404-185C Sulfided Sud-Chemie Sample A 88.7 NR - - 
11404-185E  92.8 NR - - 
11404-186F Sulfided Sud-Chemie Sample B 97.5 NR - - 
11404-187A  93.8 NR - - 
11404-189D Sud-Chemie Sample CB 132 NR - - 
11404-190A  131 NR - - 
11404-190D Sud-Chemie Sample D 84.8 NR - - 
11404-190F  93.1 NR - - 
11404-197D Sud-Chemie Sample F 92.3 NR - - 
11404-198A  93.2 NR - - 
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Table G-9. Arsine Retention in Dirty Wet Syngas at 250°C (continued) 

Sample Code Candidate Sorbent 

Amount Detected (µg) 

Recovery 
(%)1 Sorbent 

Backup 
Sample Total 

11404-173A Li4SO 29.8 4 NR - - 
11404-173A  26.8 NR - - 
11404-194D Sud-Chemie Sample E 87.8 NR - - 
11404-195A  88.3 NR - - 
11404-195D Sud-Chemie Sample CA ND - - - 
11404-195F  ND - - - 
11404-119B Al2O 47.0 3 NR - - 
11404-120B  34.7 NR - - 
11404-133D Sud-Chemie Sample G 86.8 NR - - 
11404-133F  82.9 NR - - 
11644-7B Commercial Sorbent A 90.3 1.7 92.0 92.0 
11644-7D  92.7 1.0 93.7 93.7 

11644-19D Commercial Sorbent B 94.6 2.6 97.2 97.2 
11644-20A  95.2 1.1 96.3 96.3 
11644-22B Commercial Sorbent C 81.9 2.4 84.3 84.3 
11644-22D  81.7 2.1 83.8 83.8 

ND = Not determined. Mo component of the sorbent interfered with As spectral line. 
NR = Not reported. Backup QC cartridge results were unreliable for these samples. 
1 Recovery based on a theoretical loading of 100 µg. 

 
Table G-12. Arsine Retention in Dirty Wet Syngas at 200°C 

  Amount Detected (µg)  

Sample Code Candidate Sorbent Sorbent 
Backup 
Sample Total 

Recovery 
(%)1 

11644-102B CBV-712 7.2 72.1 79.3 79.3 
11644-102D  6.2 70.8 77.0 77.0 
11644-137A Sud-Chemie Sample L 87.1 0.1 87.2 87.2 
11644-137C  84.8 0.1 84.9 84.9 
11644-171D Pd-Al2 2O 274 3 0.7 275 275 
11644-172A  2 189 0.5 190 190 
11644-174C NaHCO 5.7 3 79.1 84.8 84.8 
11644-174E  3.2 75.2 78.4 78.4 
11644-183A NaHCO3 and Na2CO 2.6 3 85.9 88.5 88.5 
11644-183C  2.2 82.8 85.0 85.0 

1 Recovery based on a theoretical loading of 100 µg. 
2 Pd component of the sorbent interfered with As spectral line. 
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G.6 Arsine Capacity Study Results 
Results from the arsine capacity testing are shown in Table G-13. The format for this table is the 

same as Table G-9, which contains the results from mercury capacity testing (see Section G.4). The 
header information provides information on the sorbent tested and the exposure conditions. Each header 
is then followed by results from the backup QC cartridges collected during the exposure, which were used 
to calculate the arsine capacities at the data point that indicated ten percent breakthrough had occurred. 
Note that the calculated arsine capacities were much higher compared to the mercury capacities for a 
number of sorbents tested. In fact, the capacity was so high for a majority of sorbents tested that the 
exposure was stopped before the results of the backup QC cartridges indicated that the exposure chamber 
effluent concentration exceeded ten percent of the inlet concentration (or ten percent breakthrough). In 
these cases, the capacity values were calculated at the sampling time of the last QC sample collected and 
marked as greater than the calculated value in Table G-13. Note that, unlike mercury capacity testing 
data, the mass balance was calculated for all of the arsine capacity tests because there were no apparent 
problems encountered during that analysis of the exposed materials. 

Table G-13. Arsine Capacity Test Results 
Sorbent: RTI-8 
Exposure Conditions: Dirty wet syngas at 250°C, GHSV = 15,000 hr
Amount of sorbent exposed: 

-1 
0.545 g 

Amount of arine retained: 0.00273 
Theoretical amount loaded: 0.00414 g 
Capacity test mass balance: 65.9 % 
Capacity calculation:  

    Amount (µg)   

Sample Code 
Exposure 
Time (min) 

Release 
Rate 

(µg/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11404-138A 0 3.34 30 100 5.20 94.8 - 
11404-138B 180 3.34 30 100 4.50 95.5 - 
11404-138C 390 3.34 30 100 5.40 94.6 - 
11404-138D 540 3.34 30 100 4.80 95.2 - 
11404-139A 570 3.34 30 100 4.60 95.4 - 
11404-139B 780 3.34 30 100 9.40 90.6 0.48 
11404-140A 990 3.34 30 100 26.8 73.2 - 
11404-140B 1020 3.34 30 100 25.1 74.9 - 
11404-140C 1230 3.34 30 100 27.9 72.1 - 
11404-141A 1440 3.34 30 100 31.6 68.4 - 
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Table G-11. Arsine Capacity Test Results (continued) 
Sorbent: RTI-8 
Exposure Conditions: Clean wet syngas at 250°C, GHSV = 15,000 hr
Amount of sorbent exposed: 

-1 
0.534 g 

Amount of arsine retained: 0.00696 g 
Theoretical amount loaded: 0.00723 g 
Capacity test mass balance: 96.3 % 
Capacity calculation: 

    Amount (µg)   

Sample Code 
Exposure 
Time (min) 

Release 
Rate 

(µg/min) 

Sample 
Time 
(min) 

Expected if 
Completely 
Unretained Unretained 

Percent 
Removed 

Capacity 
(wt. %) 

11404-149A 0 3.34 30 100 0.00 100 - 
11404-149B 420 3.34 30 100 0.00 100 - 
11404-150A 1050 3.34 30 100 0.00 100 - 
11404-151A 1680 3.34 30 100 0.60 99.4 - 
11404-152A 2160 3.34 30 100 0.00 100 >1.35 
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1.0 Background and Summary 
 

This report presents the results of gas characterization tests conducted on raw synthesis 
gas (syngas) and the clean, desulfurized syngas product from a pilot-scale, hot-gas 
desulfurization process. Research Triangle Institute (RTI) and Eastman Chemical conducted an 
integrated pilot plant demonstration of coal gasification and regenerable sorbent desulfurization 
using RTI’s High Temperature Desulfurization (HTDS) and Direct Sulfur Recovery Processes 
(DSRP). The pilot scale HTDS and DSRP units are located at Eastman Chemical’s gasification 
facility in Kingsport, Tennessee. Additional funding for the project was provided by the United 
States Department of Energy (DOE).  

 
The potential of the HTDS and other hot-gas cleanup technologies for removing mercury, 

arsenic, and other trace elements and syngas contaminants is of increasing interest. If not 
removed, many contaminants could pose an environmental emissions concern or present 
problems for downstream catalyst or turbine systems. DOE is sponsoring on-going research into 
the development of gas cleaning systems that effectively remove syngas contaminants such as 
ammonia, hydrogen cyanide, hydrogen chloride, mercury, and other trace metals under high-
temperature and high-pressure process conditions.  

 
In this test of the HTDS system at Eastman Chemical, the raw syngas at the inlet and 

outlet of a carbon “Guard Bed”, and the clean syngas at the outlet of the HTDS was measured for 
ammonia (NH3), hydrogen chloride (HCl), hydrogen cyanide (HCN), mercury, and three selected 
trace metals (arsenic, cadmium, and selenium). The samples for each parameter were collected 
simultaneously to obtain comparable data sets and facilitate determination of the potential 
removal efficiency for the Guard Bed and HTDS systems.   

 
This Test Report presents and discusses the syngas characterization results and the 

removal efficiency for selected syngas contaminants by the Guard Bed and HTDS systems. 
Section 2.0 presents the conclusions from the syngas characterization, and summarizes the 
results; including syngas contaminant removal by the Guard Bed and HTDS systems, method 
comparisons and performance, and sampling and analytical issues that still need to be addressed 
in future test programs.  

 
Section 3.0 provides the individual test results along with a comparison and discussion of 

the various trace metals measurement methods. Details concerning the sampling and analytical 
methods that were used during this test program are presented in Section 4.0, and the results of 
quality control samples are discussed in Section 5.0. The quality control measures were designed 
to allow a general assessment of the sampling and analytical data quality and to further evaluate 
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the method performance and identify sampling and analytical issues specific to testing a syngas 
matrix. 

 
1.1 HTDS Process Description 

The HTDS regenerable sorbent desulfurization technology developed by RTI is based on 
a transport reactor design that allows high throughput processing and continuous high-
temperature operation. The use of a transport reactor system is possible due to the development 
of highly-reactive and attrition-resistant metal oxide-based sorbent materials that are capable of 
removing gaseous sulfides at high temperatures and in the presence of steam. The off-gases from 
the HTDS regeneration cycle are processed in the DSRP to produce elemental sulfur as a 
byproduct. 

 
At the pilot unit located at Eastman Chemical, raw syngas is taken from the main gasifier 

after the C-15 knockout vessel. At this point in the process the syngas is at a pressure of 
approximately 950 psig and a temperature of 350°F. The syngas is saturated with water vapor at 
approximately 15 mol%. The syngas slipstream is electrically heat-traced and set to maintain a 
gas temperature of 400°F to keep the syngas above its dew point. 
 

The syngas slipstream is directed to a “guard bed”. The Guard Bed is a vessel containing 
a carbon-based adsorbent to remove arsenic and other trace elements that were believed to be 
adversely affecting the performance of the HTDS sorbent. The syngas from the Guard Bed is 
then routed to a pre-heater that elevates the gas temperature to between 600°F and 1,000°F, 
depending on the conditions desired for the test. Following the pre-heater, the syngas is routed to 
the HTDS transport reactor where it contacts the sulfur removal adsorbent. The syngas flow 
allows for the mobility of the sorbent through the reactor as a fluidized bed. The sorbent bed is 
transported to the regeneration system where it contacts oxygen which reacts with the sulfides to 
form an off-gas primarily composed of sulfur dioxide (SO2).  
 

The desulfurized (clean) syngas is passed through the transport reactor, is filtered, 
depressurized and air-cooled before being delivered to a gas turbine generator in the power 
block. Figure 1-1 presents a simplified process flow diagram of the HTDS-DSRP system. 

 
 Syngas samples were collected from sample points located at the inlet and outlet of the 
Guard Bed (i.e. Guard Bed Inlet, Guard Bed Outlet) and at the outlet of the HTDS unit (HTDS 
Outlet). The Guard Bed sampling points were at high-pressure and temperature (950 psig, 400°F) 
and were heat-traced to maintain the syngas temperature above the dewpoint. The HTDS Outlet 
sample was collected from a low-pressure point in the process just up-stream of the air-cooler 
where samples are taken for the continuous on-line gas monitors.  
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Figure 1-1.  HTDS and DSRP Process Flow Diagram 
 
 

1.2 Background on Syngas Characterization 
The characterization of syngas for ammonia, hydrogen cyanide, and hydrogen chloride is 

fairly well established. However, syngas measurements for mercury and other trace metals have 
a greater degree of uncertainty in the absence of any definitive method performance tests, or 
otherwise validated methods.  

 
In a related project, URS Corporation (URS), with funding from RTI, DOE, and the 

Electric Power Research Institute (EPRI), is conducting laboratory tests on a variety of existing 
and novel trace metal measurement techniques. The laboratory study is focused on identifying a 
viable method(s) suitable for the quantititative measurement of a wide range of trace metals in 
syngas. The methods used to quantify trace metals and mercury on the HTDS unit during this 
test program are also being tested in the laboratory study. The trace metal results from this test 
program serve as a prelude to what may later be demonstrated in the laboratory development 
tests. 

 
The measurement of vapor phase species in syngas presents many challenges. This is 

because many of the conventional flue gas emission measurement methods do not perform well 
in the reduced gas matrix, or they require modifications due to the high level of reactive species 
present (e.g. hydrogen sulfide). The results of test programs conducted by URS (Radian 
Corporation) at the Cool Water Coal Gasification Program (CWCGP) facility, Texaco’s 
Montebello Research Laboratory (MRL), the Louisiana Gasification Technologies Inc. (LGTI) 
facility, Eastman Chemical, and others have involved comprehensive assessments of various 
syngas and related process gas streams. These test programs have provided opportunities to 
identify method modifications or changes in the approach necessary to make reliable 
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measurements. The results of these experiences are summarized in two comprehensive reports.1,2  
However, in spite of these efforts, the development of measurement methods for trace metals is 
still a challenge, and difficulties dealing with hydrogen sulfide in raw syngas still remain to be 
adequately addressed.  

 
Characterization of vapor-phase metals is the least developed of all methods for syngas. 

EPA Method 29 (SW-846 Method 0060) is ineffective for the collection of vapor phase metals in 
syngas. Charcoal adsorbents have been tested and demonstrate some success, but selectivity for 
certain trace elements may prohibit their use for characterizing a full suite of elements. Other 
direct measurement techniques have also been applied such as atomic absorption spectrometry, 
plasma emission spectrometry, and flame emission spectrometry. These methods replace or 
supplement the fuel gas (acetylene, hydrogen) or plasma gas to the instrument with the syngas 
sample. Any metals present in the gas will be atomized in the flame or plasma for measurement 
by atomic absorption or emission. In theory, this provides a total measurement of the elements 
present, regardless of their form. Unfortunately, these methods are expensive, time consuming to 
operate, susceptible to interferences, and the detection limits are seldom low enough for an 
adequate characterization of the syngas.  

 
Charcoal adsorbents offer the best approach available at this time, however further 

development is needed. The US Department of Energy sponsored a sampling and analytical 
method development project in 1997 to address this issue, specifically for the analysis of 
mercury in syngas (EG&G subcontract #721041, release #825551). URS Corporation (Radian 
International) performed this method development based on the method performance data 
gathered during the LGTI gasifier tests. Two viable methods for mercury were successfully 
tested in the bench-scale laboratory study; a KMnO4 impinger method (for Hg only) and a 
charcoal adsorbent method (with possible extension to other metals). Prior to performing this test 
program, there had been no field testing of these two methods side-by-side for mercury. The 
results of side-by-side testing of the charcoal adsorbent and potassium permanganate-based 
impinger methods are compared in this report. 

 
The performance of charcoal sorbents for mercury and other trace metals was tested at 

Eastman Chemical in 1999. Except for mercury, the collection efficiency for the other trace 
elements detected on the charcoal was relatively poor and inconsistent, although it is apparent 

                                                 
1 “A Comparison of Gasification and Incineration of Hazardous Wastes” Radian International DCN 99.803931.02, 
United States Department of Energy, National Energy Technology Laboratory, Morgantown, West Virginia, March 
30, 2000.  
2 “Major Environmental Aspects of Gasification-Based Power Generation Technologies” Science Applications 
International Corporation, United States Department of Energy, National Energy Technology Laboratory, 
December, 2002. 
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from the results of the Eastman Chemical test and others that charcoal possesses some ability to 
collect some vapor phase metals. In the ongoing effort to test and develop the charcoal sorbent 
method, the sampling rates for this test program have been reduced from 1 liter per minute to 500 
milliliters per minute (nominal).  

 
Until validated methods are developed and tested, there is benefit in performing multiple 

sampling techniques for trace metals and comparing the results to identify areas of consistency as 
well as potential biases associated with the individual methods. Obtaining method performance 
data is critical to understanding the validity and reliability of the results and to enhance our 
understanding of trace metal characterization processes. This test program provides valuable 
insights into the performance characteristics of these various methods and provides a first step in 
their assessment and evaluation for future applicability.  
 
1.3 Test Objectives 

In the context of collecting as much data as is reasonably possible during this test 
program, the objectives of this trace element and syngas characterization were to: 

 
• Make multiple measurements of mercury, arsenic, cadmium, and selenium in the 

syngas entering and leaving the carbon Guard Bed and the HTDS unit using different 
sampling techniques;  

• Measure the ammonia (NH3), hydrogen cyanide (HCN), and hydrogen chloride (HCl)  
concentrations in the syngas entering and leaving the Guard Bed and HTDS unit;  

• Determine the removal efficiency for targeted trace elements and other gas 
contaminants by the Guard Bed and the HTDS unit; and  

• Provide adequate sampling method performance data to assess the accuracy, 
precision, and reliability of the measurement results. 

 
1.4 Results Summary 

Field testing was conducted during a 1-week period from April 2 through April 6, 2007. 
Samples were collected over the course of three consecutive days (April 3 – April 5) with 
Eastman Chemical operations staff holding the Pilot Unit operating conditions relatively stable 
and at levels representative of baseline operation. 

 
Table 1-1 summarizes the average syngas characterization results for the three sampling 

locations. The results are presented in parts per billion (ppbv) or parts per million (ppmv) by 
volume. Detectable results were obtained for all target trace elements (except cadmium) by the 
charcoal method, and for arsenic by the iodine monochloride (ICl) method, and for mercury by 
the potassium permanganate (KMnO4) method. These results are included in Table 1-1.  
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Table 1-1.  Syngas Characterization Results Summary a 

Guard Bed Inlet Guard Bed Outlet HTDS Outlet 
Test Parameter Units 

Average RSD Average RSD Average RSD 

Ammonia (as N) ppmv 530 7.3 490 11.0 114 41.0 

Hydrogen Cyanide (as CN-) ppbv 12,700 30.6 2,010 50.2 91 24.1 

Hydrogen Chloride (as Cl-) ppbv 166 12.2 205 30.2 72 53.6 

Arsenic (charcoal) b ppbv 942 18.0 275 12.3 24 39.2 

Arsenic (ICl) c ppbv 706 13.4 264 13.4 20 68.0 

Cadmium (charcoal) b ppbv ND(<0.24)e NA ND(<0.24)e NA ND(<0.20)e NA 

Mercury (charcoal) b ppbv 6 24 3 92.1 12 52.8 

Mercury (KMnO4) d ppbv 8 14 8 10.5 6 15.5 

Selenium (charcoal) b ppbv 47 35 45 14.8 < 1.3 f NA 

a  These results represent the average of five test runs for each test parameter.  
b  Results obtained by the charcoal sorbent tube sampling method. 
c  Results obtained by the iodine monochloride impinger sampling method. Definitive results for cadmium, mercury, and 

selenium were not obtained by the iodine monochloride method during this test program. 
d  Results obtained by the potassium permanganate (KMnO4) impinger sampling method.  
e  Cadmium was not detected (ND) above the method detection limit in any of the charcoal samples. The reported result is the 

highest sample-specific detection limit based on the gas sample volumes and the analytical laboratory’s method detection 
limits (MDLs). 

f  The average selenium result was below the highest sample specific MDL although it includes 2 run results above the MDL. 
Therefore it is not reported as “ND” (not detected), but merely as less than (<) the MDL.  

RSD = Relative Standard Deviation = standard deviation of the available results expressed as a percentage of the average result.  

NA = Not Applicable  
 
 
Results for cadmium, selenium, and mercury by the ICl method were inconclusive, not detected, 
or invalidated based on poor or indeterminate spike recoveries.  

 
The average mercury concentrations, as determined by the charcoal and KMnO4 

methods, were inconsistent and lead to different conclusions about the fate of mercury 
throughout the HTDS system. An assessment of the mercury results is provided in Section 3.0 
(Discussion of Results) and Section 5.0 (Quality Control Results).  

 
Table 1-2 summarizes the removal efficiency of the Guard Bed and HTDS systems for 

each test parameter. These results are based on the average concentrations obtained for each 
parameter over five sampling runs as reported in Table 1-1.  
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Table 1-2. Summary of System Removal Efficiency Results a 

Test Parameter 
(Method) 

Guard Bed 
(%) 

HTDS 
(%) 

Combined Systems 
(%) 

Ammonia 7.6 76.6 78.4 

Hydrogen Cyanide 84.3 95.5 99.3 

Hydrogen Chloride -23.6 64.9 56.7 

Arsenic (charcoal) 70.8 91.4 97.2 

Arsenic (ICl) 62.5 92.5 97.2 

Cadmium (charcoal) NC b NC b NC b 

Mercury (charcoal) 49.3 -266 -85.7 

Mercury (KMnO4) -0.3 25.7 25.5 

Selenium (charcoal) 4.8 > 97.1 c > 97.3 c 

a  Removal efficiency is reported as the percentage of each system’s inlet average gas concentration determined from five 
individual test runs. 

b NC = Not Calculated. Cadmium was not detected above the method detection limit. 
c  The reported average selenium concentration in the HTDS Outlet syngas was reported as a “less than” value, so the 

removal efficiency is represented as a “greater than” value using the reported detection limit concentration. 
 
 

Over 97% of the hydrogen cyanide, arsenic, and selenium in the raw syngas were 
removed by the combined Guard Bed/HTDS system. Ammonia and hydrogen chloride were 
removed primarily by the HTDS system, with overall removal by the combined Guard 
Bed/HTDS system of 78% and 57%, respectively.  

 
Results for the removal of mercury using the charcoal sampling method indicate a net 

86% increase in the mercury concentration across the HTDS system. Conversely, the results by 
the KMnO4 method indicate a 25% reduction across the HTDS system. There are insufficient 
reasons to invalidate either set of mercury method results. So at present, there is no clear 
explanation for the higher reported mercury concentrations at the outlet of the HTDS system by 
the charcoal method.    
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2.0 Observations and Conclusions 
 

The observation highlights and conclusions from this test program are summarized 
below. Additional details and supporting information are provided in Section 3.0 and Section 5.0 
of this report. 

 
2.1 Trace Elements 

In relation to the project objective to make multiple measurements for trace metals using 
different sampling techniques for comparison, the following observations were made: 

 
• A comparison of the arsenic results from the charcoal tube sorbent method and the 

iodine monochloride method are in good agreement considering that these are two 
distinctly different sampling and analytical procedures.  

— Although the charcoal and ICl results for arsenic are in good agreement, most of 
the ICl results are lower than the charcoal results possibly indicating a systematic 
bias. 

— Given the relative agreement between the charcoal and ICl method results for 
arsenic, plus the supporting quality control data for spike recovery, the arsenic 
results are likely to be representative of the syngas concentrations.  

• Cadmium was detected in a few samples near the laboratory detection limits, but was 
generally not detected in either the charcoal or iodine monochloride samples. 

• Selenium was measured in the charcoal sampling train with nearly all of the selenium 
found in the first sampling tube or in the syngas condensate sample. 

— Selenium was not detected in the ICl sampling train and appears to be subject to 
significant matrix interferences, probably related to the concentration of sulfate in 
the digested sample matrix. 

• The mercury results from the charcoal tube sorbent method and the KMnO4 impinger 
method are inconsistent and may point to possible matrix effects related to H2S. There 
is insufficient data to rule out the data from either method.  

• Overall, the charcoal sampling method seems to provide the best characterization of 
trace metals concentrations with fewer sampling and analytical difficulties than those 
associated with the ICl or KMnO4 impinger trains, although biases or elemental 
species selectivity by the charcoal sorbent cannot be ruled out. 

• Although there is insufficient data to justify the elimination of the results from the 
first test run, it should be noted that during the first test run, sampling conditions (e.g. 
flow rates, sample line heating, operation of a newly installed sampling manifold 
system, etc) were in a state of transition as familiarity with the systems was gathered 
and the systems were adjusted to meet the targeted sampling conditions. Whether or 
not these circumstances affected any of the sample results is unknown. No test run 
data were excluded in the determination of the average results. 
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2.2 NH3, HCN, and HCl 
For the measurements of NH3, HCN, and HCl, the following observations are made: 
 
• The sampling methods for NH3, HCN, and HCl are well established, but still require 

careful attention when sampling involves gases containing H2S, especially with 
regards to the collection capacity of the zinc acetate impingers for HCN collection. 

• A shift in the cyanide concentration was observed in the raw syngas samples between 
the first, second, and third test days as concentrations in the raw syngas at the Guard 
Bed Inlet dropped from approximately 16,500 ppbv in the first two test runs to 8,700 
ppbv in the last two test runs.  

• Analysis of the alkaline impinger train for HCl by ion chromatography was affected 
by an unidentified interferent (probably related to excess carbonate ion or sulfide ion 
in the samples). Matrix spikes were used to positively identify and quantify the 
chloride in the samples.  

• With the exception of the apparent shift in the HCN concentration noted above, the 
results for NH3, HCN, and HCl appear relatively consistent across all test runs at each 
sampling location. 

 
2.3 Removal Efficiency 

The demonstrated removal efficiency for the Guard Bed and HTDS systems are 
characterized by the following observations and conclusions:  
 

• Reductions in overall syngas concentrations of more than 90% were observed for 
three target constituents: HCN, selenium, and arsenic.  

• Syngas concentrations of HCN were most affected by the Guard Bed and HTDS 
systems. HCN concentrations were reduced by 77% to 88% across the Guard Bed, 
and by another 93% to 98% across the HTDS reactor, for a total system reduction of 
HCN by more than 98%. 

• Selenium concentrations (as determined by the charcoal method) were only slightly 
reduced (10% to 30%) across the Guard Bed. However, reductions of more than 96% 
were observed across the HTDS reactor. Total selenium reductions across the entire 
system were greater than 97%. 

• Similar to selenium, arsenic concentrations (as determined by the charcoal method) 
were reduced by the combined Guard Bed/HTDS system by greater than 94%. 
Reductions in arsenic concentration across the Guard Bed alone were measured 
between 62% and 77%, and across the HTDS reactor between 88% and 95%.  

• Using the results from the ICl impinger train, reductions in the measured arsenic 
concentrations across the combined Guard Bed/HTDS system were also greater than 
94%, and coincidentally, each individual test run reported the same total removal 
percentage as those obtained from the charcoal data. 
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• Reductions in arsenic concentration across the Guard Bed alone (as determined by the 
ICl method) were measured between 52% and 72%, and across the HTDS reactor 
between 84% and 95%. 

• Mercury removal by the Guard Bed and HTDS systems, as determined using the 
charcoal method, resulted in an apparent increase of mercury in the HTDS outlet 
sample compared to the HTSD inlet.  

• Mercury removal by the Guard Bed and HTDS systems, as determined using the 
KMnO4 method, showed mercury removal by the HTDS system, with reductions in 
Hg concentration across the HTDS reactor (and combined system) of 20% to 33%.  

• Using the KMnO4 method results, there was no removal of Hg demonstrated across 
the Guard Bed. This is not unexpected given that elevated temperatures (400°F within 
the Guard Bed and the heated process lines) will typically reduce the removal 
efficiency of carbon adsorbents.  

• HCl removal by the Guard Bed was inconclusive as the inlet and outlet 
concentrations were indistinguishable from one another. However, reductions in the 
HCl concentration across the HTDS reactor were more pronounced and consistent 
resulting in measured reductions of 33% to 79%. Overall reductions in the HCl 
concentrations across the combined Guard Bed/HTDS system were measured 
between by 25% and 81%. 

• Ammonia removal by the Guard Bed was inconclusive, due in part to the high 
concentrations and the small differences between the Guard Bed Inlet and Outlet gas 
concentrations. However, ammonia concentrations were significantly reduced across 
the HTDS reactor by 68% to 91%. Reductions in the ammonia concentration across 
the combined Guard Bed/HTDS system were measured between by 66% and 90%. 

 
2.4 Method Performance Indicators 

The quality control results and other indicators of method performance are summarized 
below. Additional detailed results for the quality control samples can be found in Section 5.0.  

 
• Reducing the sampling rate of the charcoal sampling train from 1000 ml/min to 500 

ml/min seemed to improve the collection and retention of arsenic, and other trace 
elements as a greater percentage of the total elemental mass was recovered from the 
first and second charcoal sampling tubes when compared to the results of the previous 
Radian test program at Eastman Chemical (1999). 

• Selenium collection and retention by the charcoal sorbent sampling train appears to 
be effective based on the predominant distribution of selenium measured in the gas 
condensate and first charcoal tube. 

• Arsenic results by the charcoal and iodine monochloride sampling trains were 
comparable and in relatively good agreement and the quality control results for 
analytical accuracy and precision were generally favorable. In the absence of any 
absolute method validation tests, these results suggest that either method might be 
considered suitable for arsenic measurements in syngas. 
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• Based on individual impinger analyses, the zinc acetate impinger train section 
demonstrated favorable collection efficiency for HCN. 

• Based on the individual impinger analyses of selected iodine monochloride trains, 
greater than 90% of the arsenic was collected in the impingers preceding the last ICl 
impinger suggesting acceptable collection efficiency for arsenic. 

• Selenium and mercury spikes and standards prepared in the ICl sample matrix were 
not detected. Under the sample preparation and analytical steps applied to this test 
program, the ICl method can be ruled out as a viable method for measuring selenium 
and mercury in syngas. Further development of the sample digestion procedure or the 
use of alternative analytical methods may result in improvements.  
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3.0 Discussion of Results 
 

Field testing was conducted during a one-week period from April 2 through April 6, 
2007. Samples were collected over the course of three consecutive days (April 3 – 5) with 
Eastman Chemical operations staff holding the Pilot Unit operating conditions relatively stable 
and at levels representative of proposed future, baseline commercial operation.  

 
A single sample set (Run 1) was collected on the first test day (April 3), and two sample 

sets were collected on each of the next two test days for a total of five runs. Table 3-1 
summarizes the number of samples collected and analyzed during the test. The following 
sections provide some general observations specific to each sampling location. The potential 
removal efficiency of the Guard Bed and the HTDS Unit for removing syngas contaminants is 
discussed and the results from the various measurement techniques for trace metals and mercury 
are compared. 
   
3.1 Raw Syngas 

The individual run results for syngas samples collected at the inlet to the Guard Bed are 
shown in Table 3-2. These results represent the raw syngas taken from the main gasifier to the 
Pilot Unit’s Guard Bed. With the exception of cadmium, all target parameters were measured at 
concentrations well above the method detection limits.  

 
3.2 Raw Syngas After the Guard Bed 

The results for syngas samples collected at the outlet of the Guard Bed are shown in 
Table 3-3. These results represent the selected contaminant levels in the raw syngas leaving the 
Guard Bed and entering the HTDS Unit. As with the syngas entering the Guard Bed, all target 
parameters (except cadmium) were measured at concentrations above the method detection 
limits. 
 
3.3 Clean Syngas After the HTDS Unit 

The results for syngas samples collected at the outlet of the HTDS unit are shown in 
Table 3-4. These results represent the final clean syngas product of the HTDS system. 
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Table 3-1.  Sample Collection Matrix 

Number of Sampling Runs 
Sampling 
Location 

Test 
Parameters 

Sampling Technique 

April 3, 
2007 

April 4, 
2007 

April 5, 
2007 

Hg, As, Cd, Se Charcoal Sorbent Tubes a, b 1 2 2 
Hg only Mercury Impinger Train a, c 1/0 d 2 2 
As, Cd, Se, Hg Iodine Monochloride Impinger Train a, e 1 2 2 
NH3, HCN H2SO4 / ZnOAc Impinger Train f 1 2 2 

Guard Bed 
Inlet 

HCl Alkaline Impinger Train g 1 2 2 
Hg, As, Cd, Se Charcoal Sorbent Tubes a, b 1 2 2 
Hg only Mercury Impinger Train a, c 1/0 d 2 2 
As, Cd, Se, Hg Iodine Monochloride Impinger Train a, e 1 2 2 
NH3, HCN H2SO4 / ZnOAc Impinger Train f 1 2 2 

Guard Bed 
Outlet 

HCl Alkaline Impinger Train g 1 2 2 
Hg, As, Cd, Se Charcoal Sorbent Tubes a, b 1 2 2 
Hg only Mercury Impinger Train a, c 0 2 2 
As, Cd, Se, Hg Iodine Monochloride Impinger Train a, e 1 2 2 
NH3, HCN H2SO4 / ZnOAc Impinger Train f 1 2 2 

HTDS 
Outlet 

HCl Alkaline Impinger Train g 1 2 2 

a All trace metals sampling techniques were run as concurrently as possible to enable direct comparisons between the various 
techniques and between sampling locations.   

b  Each sample set includes three charcoal sorbent tubes connected in series and analyzed individually to determine breakthrough 
and collection efficiency. Samples were prepared by aqua regia digestion and analyzed for As, Cd, and Se by ICPMS and Hg 
by CVAAS.  

c  Each mercury impinger train sample consists of up to three analytical fractions: sodium hydroxide solution, acidic-potassium 
permanganate solution, and HCl impinger rinses. Each fraction was analyzed for Hg by CVAAS. 

d  Sample was collected, but was not analyzed. 
e  Each iodine monochloride impinger train includes three impingers, each containing iodine monochloride solution. The ICl 

solution samples were analyzed for As, Cd, and Se by ICPMS. Matrix interferences prevented analysis of Hg by CVAAS. At 
the inlet location, a solution of sodium hydroxide was placed in impingers prior to the ICl impingers to remove H2S. The 
NaOH impinger sample was also analyzed for As, Cd, and Se.  

f  The sulfuric acid / zinc acetate impinger train consists of two impingers containing a dilute sulfuric acid solution for the 
collection and retention of ammonia, followed by three impingers containing a solution of zinc acetate for collection of 
hydrogen cyanide. 

g  The alkaline impinger train consists of two impingers containing a dilute sodium carbonate/sodium bicarbonate solution for the 
collection and retention of hydrogen chloride. This solution matches the matrix of the eluent solution used in the analysis by 
ion chromatography, so matrix effects requiring sample dilutions are reduced and sensitivity is greatly improved. 
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Table 3-2.  Test Results for Raw Syngas at the Guard Bed Inlet 

Test 
Parameter Units Run 1 Run 2 Run 3 Run 4 Run 5 Average 

RSD 
(%) 

Ammonia 
(as N) ppmv 508 557 547 472 564 530 7.3 

Hydrogen 
Cyanide (as 

CN-) 
ppbv 16,500 16,400 13,100 8,870 8,610 12,700 30.6 

Hydrogen 
Chloride (as 

Cl-) 
ppbv 181 163 138 159 190 166 12.2 

Arsenic 
(Charcoal) 

ppbv 732 949 828 1,160 1,040 942 18.0 

Arsenic 
(ICl) 

ppbv 759 626 641 847 657 706 13.4 

Cadmium 
(Charcoal) 

ppbv 0.0605 ND(<0.17) ND(<0.22) ND(<0.20) ND(<0.24) ND(<0.24)a NA 

Selenium 
(Charcoal) 

ppbv 21.7 41.2 49.2 61.3 61.3 46.9 35.2 

Mercury 
(Charcoal)  

ppbv 7.17 3.89 6.13 6.41 7.68 6.03 24.2 

Mercury 
(KMnO4) 

ppbv NA 7.56 7.34 8.4 9.97 8.32 14.3 

a Reported result is less than the maximum sample-specific MDL. 

RSD = Relative Standard Deviation = standard deviation of the available results expressed as a percentage of the average result.  

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 
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Table 3-3.  Test Results for Raw Syngas at the Guard Bed Outlet 

Test  
Parameter 

Units Run 1 Run 2 Run 3 Run 4 Run 5 Average 
RSD 
(%) 

Ammonia 
(as N) ppmv 558 426 476 531 457 490 11.0 

Hydrogen 
Cyanide (as 

CN-) 
ppbv 3,710 1,940 1,770 1,070 1,550 2,010 50.2 

Hydrogen 
Chloride (as 

Cl-) 
ppbv 316 182 181 173 175 205 30.2 

Arsenic 
(Charcoal) 

ppbv 278 220 276 293 309 275 12.3 

Arsenic 
(ICl) 

ppbv 286 231 255 235 314 264 13.4 

Cadmium 
(Charcoal) 

ppbv ND(<0.15) 0.0057 ND(<0.20) ND(<0.22) ND(<0.24) ND(<0.24)a NA 

Selenium 
(Charcoal) 

ppbv 44.8 36.8 41.9 44.2 54.9 44.5 14.8 

Mercury 
(Charcoal)  

ppbv 8.34 2.02 2.46 1.5 1.54 3.17 92.1 

Mercury 
(KMnO4) 

ppbv NA 7.65 7.52 8.99 9.19 8.34 10.5 

a Reported result is less than the maximum sample-specific MDL. 

RSD = Relative Standard Deviation = standard deviation of the available results expressed as a percentage of the average result.  

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 
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Table 3-4.  Test Results for Clean Syngas from the HTDS Unit 
Test 

Parameter 
Units Run 1 Run 2 Run 3 Run 4 Run 5 Average 

RSD 
(%) 

Ammonia 
(as N) ppmv 170 134 128 48 91 114 41.0 

Hydrogen 
Cyanide (as 

CN-) 
ppbv 87 68 74 120 106 91 24.1 

Hydrogen 
Chloride (as 

Cl-) 
ppbv 102 122 60.4 38.8 35.9 71.7 53.6 

Arsenic 
(Charcoal) 

ppbv 33 19 34 15 17 24 39.2 

Arsenic 
(ICl) 

ppbv 43 11 12 15 17 20 68.0 

Cadmium 
(Charcoal) 

ppbv ND(<0.20) ND(<0.14) ND(<0.18) ND(<0.14) ND(<0.16) ND(<0.20)a NA 

Selenium 
(Charcoal) 

ppbv 1.45 1.43 ND(< 1.3) ND(< 1.0) ND(< 1.2) < 1.3 b NA 

Mercury 
(Charcoal)  

ppbv 5.29 15.9 20.6 7.74 8.65 11.6 52.8 

Mercury 
(KMnO4) 

ppbv NA 5.09 5.82 6.58 7.31 6.2 15.5 

a Reported result is less than the maximum sample-specific MDL. 
b   The average selenium result was below the highest sample specific MDL although it includes 2 run results above the MDL. 

Therefore it is not reported as “ND” (not detected), but merely as less than (<) the MDL.   

RSD = Relative Standard Deviation = standard deviation of the available results expressed as a percentage of the average result.  

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 
 
 

In general, the methods for ammonia, hydrogen cyanide, and hydrogen chloride 
performed well and these results appear to be reasonable representations of the concentrations in 
the syngas samples evaluated. This is based on numerous quality control results including 
impinger sample pH checks to verify the proper conditions for ammonia collection, individual 
zinc acetate impinger analyses to confirm collection efficiency for HCN, and all of the associated 
analytical quality control sample results that demonstrate good analytical accuracy.  

 
Between the two measurement methods for arsenic, cadmium, and selenium (charcoal 

and iodine monochloride), the charcoal method appears to provide the best measurement for all 
of these volatile trace elements in both the raw and clean syngas. Arsenic results for both the 
charcoal and iodine monochloride measurement methods were in close agreement and offer a 
positive crosscheck into the reliability of the arsenic measurement results presented herein.  
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Cadmium concentrations below the method detection limits and matrix interferences 
associated with selenium measurements in the iodine monochloride samples render the iodine 
monochloride approach an unsuitable alternative for these analytes, at least as the method was 
performed for this test program. That is not to say that further development and modifications in 
sample handling and analysis would not result in an improvement in the method performance. 
Additional information and discussion of the trace metal method comparisons are provided in 
Section 3.7 and Section 5.0. 

 
Mercury measurements by charcoal adsorption tube method performed well based on the 

distribution of mercury on the sampling tubes. That distribution shows most of the elemental 
mass was collected on the first one or two sampling tubes so there was no evidence of 
breakthrough or poor collection efficiency. The charcoal matrix spike and control sample 
recovery results were also satisfactory (Sections 5.2.5 and 5.3.3). 

 
Similarly, the mercury spike and control sample results for the KMnO4 samples 

performed well. The single exception is the matrix spike recoveries which were indeterminate 
due to the relatively high sample concentration compared to the spiked amount (Section 5.2.5). 
Matrix effects posed serious problems with the analysis of the iodine monochloride matrices, so 
there was no mercury results obtained from the iodine monochloride train samples.   
 
3.4 Gas Contaminant Removal by the Guard Bed 

Table 3-5 compares the results for the gas contaminants entering and exiting the Guard 
Bed. The removal efficiency percentages shown are calculated for each individual run. The 
reported “average” removal efficiency is the percentage determined from the average 
concentration values for the inlet and outlet gas streams, and not the average of the individual 
removal efficiency percentages. 

 
Hydrogen cyanide concentration appears to be the parameter most affected by the Guard 

Bed with reductions in the average measured HCN concentration of 84%. Arsenic was also 
removed by the Guard Bed with a 71% reduction of the average inlet arsenic concentration. On 
average, the Guard Bed removed 49% of the mercury, based on the charcoal method and no 
removal based on the KMnO4 method. 
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Table 3-5.  Guard Bed Removal Efficiency a 

Test 
Parameter  Run 1 Run 2 Run 3 Run 4 Run 5 Average 

Inlet 508 557 547 472 564 530 

Outlet 558 426 476 531 457 490 
Ammonia  

(as N) 
% Removal -10.1 23.6 12.9 -12.5 19.0 7.6 

Inlet 16,500 16,400 13,100 8,870 8,610 12,700 

Outlet 3,710 1,940 1,770 1,070 1,550 2,010 
Hydrogen 
Cyanide  
(as CN-) % Removal 77.6 88.2 86.5 88.0 82.0 84.3 

Inlet 181 163 138 159 190 166 

Outlet 316 182 181 173 175 205 
Hydrogen 
Chloride  
(as Cl-) % Removal -74.2 -12.1 -31.1 -8.7 8.3 -23.6 

Inlet 732 949 828 1,160 1,040 942 

Outlet 278 220 276 293 309 275 
Arsenic 

(Charcoal) 
% Removal 62.0 76.8 66.7 74.8 70.3 70.8 

Inlet 759 626 641 847 657 706 

Outlet 286 231 255 235 314 264 
Arsenic 

(ICl) 
% Removal 62.3 63.1 60.1 72.2 52.3 62.5 

Inlet 0.0605 ND(<0.17) ND(<0.22) ND(<0.20) ND(<0.24) ND(<0.24)b 

Outlet ND(<0.15) 0.0057 ND(<0.20) ND(<0.22) ND(<0.24) ND(<0.24)b Cadmium 
(Charcoal) 

% Removal NC NC NC NC NC NC 

Inlet 21.7c 41.2 49.2 61.3 61.3 46.9c 

Outlet 44.8 36.8 41.9 44.2 54.9 44.5 
Selenium 
(Charcoal) 

% Removal -106 10.3 14.9 27.8 10.2 4.8c 

Inlet NA 7.56 7.34 8.4 9.97 8.32 

Outlet NA 7.65 7.52 8.99 9.19 8.34 
Mercury 
(KMnO4) 

% Removal NA -1.2 -2.6 -6.9 7.8 -0.3 

Inlet 7.17 3.89 6.13 6.41 7.68 6.03 

Outlet 8.34 2.02 2.46 1.5 1.54 3.17 
Mercury 

(Charcoal) 
% Removal -16.4 48.0 59.9 76.7 79.9 49.3 

a All parameter concentrations reported as ppbv, except ammonia which is in ppmv. 
b Reported result is less than the maximum sample-specific MDL. 
c If inlet results from Run 1 is excluded, average inlet concentration is 53.3 ppbv and percent removed is 16.5%. 

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 

NC = Not Calculated 
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The Guard Bed did not demonstrate a significant removal of ammonia, hydrogen 
chloride, or selenium. Cadmium was below the detection limit in most samples. 

 
3.5 Gas Contaminant Removal by the HTDS Unit 

Table 3-6 compares the results for the gas contaminants entering and exiting the HTDS 
system.  

 
The average selenium, hydrogen cyanide, and arsenic concentrations in the raw syngas 

(after the Guard Bed) were reduced by > 97.1%, 95.5%, and 91.4%, respectively. The average 
ammonia concentration was reduced by 76.6% and the hydrogen chloride concentration was 
reduced by 64.9%.  
 

The measured mercury concentration (by the charcoal method) at the HTDS Outlet 
sample point was consistently higher than that measured at the inlet. Mercury concentrations at 
the HTDS Inlet appear relatively consistent throughout the last four test runs, with a slight 
reduction (from ~2.2 to ~1.5 ppbv) between Test Day 2 and Test Day 3. At the HTDS Outlet, 
there also appears to be a shift in the mercury concentration between the test runs conducted on 
the second and third test days. The measured mercury concentrations at the HTDS Outlet are 
approximately seven times higher than the inlet concentrations for Runs 2 and 3, while the 
concentrations are only about four times higher during Runs 4 and 5.  

 
This variability in mercury concentrations by the charcoal method appears inconsistent; 

however, the available analytical and quality control data generated during this test suggest a 
high degree of confidence in the charcoal tube results (Section 5.2.5 and 5.3). These data and the 
removal efficiency results suggest that the mercury results by the charcoal method may not be 
representative.  There does not appear to be any obvious sampling or analytical-related 
explanations for this phenomenon.  

 
In contrast, the mercury results from the KMnO4 impinger method show a more plausible 

set of removal efficiency results. Using the KMnO4 sample results, there is relatively little to no 
change in the mercury concentration across the Guard Bed, and on average, only about a 25% 
reduction across the HTDS unit.  
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Table 3-6. HTDS System Removal Efficiency a 

Test 
Parameter  Run 1 Run 2 Run 3 Run 4 Run 5 Average 

Inlet 558 426 476 531 457 490 

Outlet 170 134 128 48 91 114 
Ammonia  

(as N) 
% Removal 69.6 68.5 73.1 91.0 80.2 76.6 

Inlet 3,710 1,940 1,770 1,070 1,550 2,010 

Outlet 87 68 74 120 106 91 
Hydrogen 
Cyanide  
(as CN-) % Removal 97.7 96.5 95.8 88.8 93.2 95.5 

Inlet 316 182 181 173 175 205 

Outlet 102 122 60.4 38.8 35.9 71.7 
Hydrogen 
Chloride  
(as Cl-) % Removal 67.8 33.0 66.7 77.6 79.4 64.9 

Inlet 278 220 276 293 309 275 

Outlet 33 19 34 15 17 24 
Arsenic 

(Charcoal) 
% Removal 88.1 91.3 87.6 95.0 94.3 91.4 

Inlet 286 231 255 235 314 264 

Outlet 43 11 12 15 17 20 
Arsenic 

(ICl) 
% Removal 84.8 95.2 95.2 93.8 94.6 92.5 

Inlet ND(<0.15) 0.0057 ND(<0.20) ND(<0.22) ND(<0.24) ND(<0.24)b 

Outlet ND(<0.20) ND(<0.14) ND(<0.18) ND(<0.14) ND(<0.16) ND(<0.20)b Cadmium 
(Charcoal) 

% Removal NC NC NC NC NC NC 

Inlet 44.8 36.8 41.9 44.2 54.9 44.5 

Outlet 1.45 1.43 ND(< 1.3) ND(< 1.0) ND(< 1.2) < 1.3 c 
Selenium 
(Charcoal) 

% Removal 96.8 96.1 > 96.8 > 97.7 > 97.8 > 97.1 

Inlet NA 7.65 7.52 8.99 9.19 8.34 

Outlet NA 5.09 5.82 6.58 7.31 6.2 
Mercury 
(KMnO4) 

% Removal NA 33.4 22.7 26.8 20.4 25.7 

Inlet 8.34 2.02 2.46 1.5 1.54 3.17 

Outlet 5.29 15.9 20.6 7.74 8.65 11.6 
Mercury 

(Charcoal) 
% Removal 36.5 -690 -741 -417 -461 -266 

a  All parameter concentrations reported as ppbv, except ammonia which is in ppmv. 
b  Reported result is less than the maximum sample-specific MDL. 
c   The average selenium result was below the highest sample specific MDL although it includes 2 run results above the MDL. 

Therefore it is not reported as “ND” (not detected), but merely as less than (<) the MDL.   

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 

NC = Not Calculated 
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3.6 Combined System Removal Efficiency  
Table 3-7 presents the removal efficiency percentage for the Guard Bed and HTDS 

systems combined. Together, these systems and the associated gas condensate knock-out systems 
on average, removed over 90% of the following target constituents from the raw syngas: 

 
• Hydrogen cyanide (99.3%); 
• Selenium (> 97.3%); and 
• Arsenic (97.2%). 

 
Over 50% removal of the following constituents was observed: 

 
• Ammonia (78.4%) and 
• Hydrogen chloride (56.7). 

 
Cadmium concentrations in the syngas were below the method limits of detection and therefore, 
the removal efficiency for cadmium could not be determined. Mercury appears to be reduced by 
approximately 25% overall if the mercury concentration results from the KMnO4 sampling 
method are used in lieu of the charcoal method results.  
 
3.7 Trace Metal Methods Comparison 

Tables 3-8 through 3-11 present a comparison of the results for the four target metals by 
the various sampling and analytical techniques at each location. Results are presented for each 
sampling location for a direct run-by-run comparison.  

 
3.7.1 Arsenic 

The most noteworthy results are for arsenic (Table 3-8). For all three sampling locations, 
the results between the charcoal adsorption method and the iodine monochloride impinger 
method were in very close agreement as the 95% confidence intervals for the average results 
from both methods intersect and overlap to a large extent. Although the results from these two 
methods appear to be comparable, most of the ICl sample concentrations are lower than those 
obtained by charcoal. 

 
The relative percent difference (RPD) between the individual run results from both 

methods is also surprisingly low for a majority of the runs. For duplicate analytical samples, an 
RPD of < 20% is generally considered an acceptable benchmark for measurement precision that 

only includes the variability associated with a single analytical method. For two distinctly 
different sampling and analytical methods, an RPD of 30% could be viewed as an indication of 
excellent overall measurement precision, especially considering that this assessment includes all 
variables associated with two different sampling and analytical methods. For arsenic, 13 out of 

18 run measurements demonstrated RPDs of <30%. Only two runs reported an RPD >50%.  
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Table 3-7.  Combined Guard Bed-HTDS System Removal Efficiency a 

Test Parameter  Run 1 Run 2 Run 3 Run 4 Run 5 Average 

Inlet 508 557 547 472 564 530 

Outlet 170 134 128 48 91 114 
Ammonia  

(as N) 
% Removal 66.6 75.9 76.5 89.9 83.9 78.4 

Inlet 16,500 16,400 13,100 8,870 8,610 12,700 

Outlet 87 68 74 120 106 91 
Hydrogen 
Cyanide  
(as CN-) % Removal 99.5 99.6 99.4 98.7 98.8 99.3 

Inlet 181 163 138 159 190 166 

Outlet 102 122 60.4 38.8 35.9 71.7 
Hydrogen 
Chloride  
(as Cl-) % Removal 43.9 24.9 56.3 75.6 81.1 56.7 

Inlet 732 949 828 1,160 1,040 942 

Outlet 33 19 34 15 17 24 
Arsenic 

(Charcoal) 
% Removal 94.3 98.2 98.1 98.3 97.4 97.2 

Inlet 759 626 641 847 657 706 

Outlet 43 11 12 15 17 20 
Arsenic 

(ICl) 
% Removal 94.3 98.2 98.1 98.3 97.4 97.2 

Inlet 0.0605 ND(<0.17) ND(<0.22) ND(<0.20) ND(<0.24) ND(<0.24)b 

Outlet ND(<0.20) ND(<0.14) ND(<0.18) ND(<0.14) ND(<0.16) ND(<0.20)b Cadmium 
(Charcoal) 

% Removal NC NC NC NC NC NC 

Inlet 21.7 41.2 49.2 61.3 61.3 46.9 

Outlet 1.45 1.43 ND(< 1.3) ND(< 1.0) ND(< 1.2) < 1.3 c Selenium 
(Charcoal) 

% Removal 93.3 96.5 > 97.3 > 98.3 > 98.1 > 97.3 

Inlet NA 7.56 7.34 8.4 9.97 8.32 

Outlet NA 5.09 5.82 6.58 7.31 6.2 
Mercury 
(KMnO4) 

% Removal NA 32.6 20.7 21.8 26.7 25.5 

Inlet 7.17 3.89 6.13 6.41 7.68 6.03 

Outlet 5.29 15.9 20.6 7.74 8.65 11.6 
Mercury 

(Charcoal) 
% Removal 26.2 -311 -237 -20.7 -12.5 -85.7 

a  All parameter concentrations reported as ppbv, except ammonia which is in ppmv. 
b  Reported result is less than the maximum sample-specific MDL. 
c  The average selenium result was below the highest sample specific MDL although it includes 2 run results above the MDL. 

Therefore it is not reported as “ND” (not detected), but merely as less than (<) the MDL.   

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 

NC = Not Calculated 
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Table 3-8.  Comparison of Metals Sampling and Analytical Methods for Arsenic 

Sampling Train Run 1 Run 2 Run 3 Run 4 Run 5 Average 95% CI 

Guard Bed Inlet 

Charcoal (ppbv) 732 949 828 1,160 1,040 942 211 

Iodine Monochloride (ppbv) a 759 626 641 847 657 706 117 

RPD (%) 3.6 41.1 25.7 31.5 44.8 28.7  

Guard Bed Outlet 

Charcoal (ppbv) 278 220 276 293 309 275 42 

Iodine Monochloride (ppbv) a 286 231 255 235 314 264 44 

RPD (%) 2.8 5.0 7.7 21.9 1.9 4.1  

HTDS Outlet 

Charcoal (ppbv) 33 19 34 15 17 24 12 

Iodine Monochloride (ppbv) a 43 11 12 15 17 20 17 

RPD (%) 26.6 53.5 93.6 0.2 2.3 18.6  

a The recovery of arsenic from matrix-spiked samples from the Guard Bed Inlet was inconclusive (ref. Sec. 5.2.4). 
 
 

Table 3-9.  Comparison of Metals Sampling and Analytical Methods for Cadmium 

Sampling Train Run 1 Run 2 Run 3 Run 4 Run 5 Average 95% CI 

Guard Bed Inlet 

Charcoal (ppbv) 0.0605 ND(<0.17) ND(<0.22) ND(<0.20) ND(<0.24) ND(<0.24)a NA 

Iodine Monochloride (ppbv) 0.26 ND(<0.06) 0.12 ND(<0.06) ND(<0.07) 0.11 NA 

RPD (%) 124 NC NC NC NC NC  

Guard Bed Outlet 

Charcoal (ppbv) ND(<0.15) 0.0057 ND(<0.20) ND(<0.22) ND(<0.24) ND(<0.24)a NA 

Iodine Monochloride (ppbv) 0.02 0.01 ND(<0.01) ND(<0.01) 0.06 0.02 NA 

RPD (%) NC 75.9 NC NC NC NC  

HTDS Outlet 

Charcoal (ppbv) ND(<0.20) ND(<0.14) ND(<0.18) ND(<0.14) ND(<0.16) ND(<0.20)a NA 

Iodine Monochloride (ppbv) ND(<0.01) ND(<0.04) ND(<0.01) ND(<0.03) ND(<0.01) ND(<0.04)a NA 

RPD (%) NC NC NC NC NC NC  

a Reported result is less than the maximum sample-specific MDL. 

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 

NC = Not Calculated 
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Table 3-10.  Comparison of Metals Sampling and Analytical Methods for Mercury 

Sampling Train Run 1 Run 2 Run 3 Run 4 Run 5 Average 95% CI 

Guard Bed Inlet 

Charcoal (ppbv) 7.17 3.89 6.13 6.41 7.68 6.03 1.8 

KMnO4 (ppbv) a NA 7.56 7.34 8.4 9.97 8.32 1.9 

RPD (%) NC 64.2 17.9 27.0 25.9 31.9  

Guard Bed Outlet 

Charcoal (ppbv) 8.34 2.02 2.46 1.5 1.54 3.17 3.6 

KMnO4 (ppbv) a NA 7.65 7.52 8.99 9.19 8.34 1.4 

RPD (%) NC 116 112 143 143 127  

HTDS Outlet 

Charcoal (ppbv) 5.29 15.9 20.6 7.74 8.65 11.6 9.8 

KMnO4 (ppbv) a NA 5.09 5.82 6.58 7.31 6.2 1.5 

RPD (%) NC 103 112 16 17 61  

a The recovery of mercury from matrix-spiked samples from the Guard Bed Inlet was inconclusive (ref. Sec. 5.2.5). 

NA = Not Applicable or Not Available 

NC = Not Calculated 
 
 

Table 3-11.  Comparison of Metals Sampling and Analytical Methods for Selenium 

Sampling Train Run 1 Run 2 Run 3 Run 4 Run 5 Average 95% CI 

Guard Bed Inlet 

Charcoal (ppbv) 21.7 41.2 49.2 61.3 61.3 46.9 20 

Iodine Monochloride (ppbv) a < 1.7 ND(< 1.7) ND(< 2.0) < 1.9 < 3.0 < 2.0 b NA 

RPD (%) 171 NC NC 188 182 183  

Guard Bed Outlet 

Charcoal (ppbv) 44.8 36.8 41.9 44.2 54.9 44.5 8.2 

Iodine Monochloride (ppbv) a < 1.5 < 2.1 ND(< 1.7) ND(< 1.4) ND(< 1.4) < 1.6 b NA 

RPD (%) 187 178 NC NC NC 186  

HTDS Outlet 

Charcoal (ppbv) 1.45 1.43 ND(< 1.3) ND(< 1.0) ND(< 1.2) < 1.3 b NA 

Iodine Monochloride (ppbv) a ND(< 0.05) ND(< 0.17) ND(< 0.05) ND(< 0.17) ND(< 0.05) ND(<0.17) c NA 

RPD (%) NC NC NC NC NC NC  

a  Low matrix spike recovery results were obtained for the iodine monochloride sampling train samples (ref. Sec. 5.2.4). 
b  The average selenium result was below the highest sample specific MDL although it includes 2 or more run results above the MDL. 

Therefore it is not reported as “ND” (not detected), but merely as less than (<) the MDL.   
c Reported result is less than the maximum sample-specific MDL. 

ND = Not Detected. Result expressed as “less than” the sample-specific MDL (< MDL).  

NA = Not Applicable or Not Available 

NC = Not Calculated 
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In the absence of any method validation tests or absolute accuracy tests with vapor-phase 
arsenic standards in syngas, the consistency of these arsenic results suggest that the charcoal 
adsorbent and the iodine monochloride impinger methods (as performed) are viable and accurate 
methods for measuring arsenic in syngas.  

 
While it could be argued that both methods might be specific for the same arsenic 

species, and that other arsenic species might exist and be unaccounted for by both of these 
methods, this condition is highly unlikely. The thermodynamics favor the presence of arsenic as 
arsine (arsenic trihydride, AsH3), and if other forms of arsenic were present, the oxidizing and 
reactive nature of the iodine monochloride impinger solution would likely capture other forms of 
arsenic and result in higher total arsenic results in comparison with the charcoal method results. 

 
The quality control sample results for both of these methods also indicate acceptable 

method precision and accuracy for arsenic. The specific QC results are presented and discussed 
in Section 5.0. 
 
3.7.2 Cadmium 

As shown in Table 3-9, only two corresponding samples produced results above the 
detection limit for cadmium. The RPD between these two sample sets is 124% and 75.6%. The 
detection limit for the iodine monochloride method is lower than the charcoal method by the 
virtue of a sample concentration mechanism by evaporation. Yet cadmium was only detected in 
five iodine monochloride samples. Any assessment or comparison of these two sampling 
methods for cadmium is not possible with this data set. 
 
3.7.3 Mercury 

Based on the QC results presented in Section 5.2.5, the charcoal sample results appear to 
be reliable based on the recovery distribution in the three sorbent tubes. Nearly 100% of the total 
mercury recovered from each sample was collected in the first charcoal tube, or in the 
condensate fraction and the first charcoal tube. There was very little evidence of mercury 
breakthrough to the third sorbent tube (Table 5-7). However, the results for mercury by the 
KMnO4 impinger method appear to be the more reasonable concentration results based on the 
removal efficiency data. Matrix spike recovery data for the KMnO4 were inconclusive due to the 
disparity between the parent sample concentrations and the low spiking levels. 

 
The results for the raw syngas at the inlet to the Guard Bed appear to be in good 

agreement based on the overlapping confidence intervals and the relative percent difference 
between the individual charcoal and KMnO4 method results (Table 3-10).  
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The KMnO4 results for mercury from the Guard Bed Outlet show little change from the 
concentrations measured by the same method at the Guard Bed Inlet, while the charcoal sorbent 
results demonstrate a significant reduction in mercury concentration. The latter could be 
expected as mercury has been shown to be removed by carbon-based Guard Bed sorbents. 
However, the lack of mercury removal by the carbon Guard Bed is also plausible given the 
higher operating temperature of the Guard Bed in conjunction with the hot gas desulfurization 
system.  The confidence intervals around the average results for the KMnO4 and charcoal 
methods do not intersect or overlap and the RPDs between individual samples exceed 100%. 
This indicates that these two methods are not in agreement. The supporting QC data do not 
provide any reason to rule out either result.  

 
Mercury results for the clean syngas are mixed. The confidence intervals around the 

average results for the KMnO4 and charcoal methods do intersect and overlap, but the variability 
in the results and the corresponding confidence intervals are quite high as a percentage of the 
average value. The RPDs between individual samples exceed 100% for Runs 2 and 3, while the 
RPDs are less than 20% for Runs 4 and 5.  

 
Numerous attempts to analyze undigested aliquots of the iodine monochloride impinger 

samples for mercury by cold-vapor atomic absorption spectrophotometry were unsuccessful. 
Further development is necessary to analyze these impinger samples by other techniques, or by 
purging and exchanging the mercury onto a more compatible analytical matrix. 

 
3.7.4 Selenium 

Poor matrix spike and control sample recovery results for the measurement of selenium 
in the iodine monochloride samples renders any comparison with the charcoal sample results 
impossible. The laboratory detection limits for selenium in the ICl samples should have been low 
enough to measure the levels of selenium found in the charcoal sorbent samples, yet most of the 
ICl impinger samples reported selenium as not detected (Table 3-11).  

 
Selenium measurements by charcoal appear consistent for most samples at all three 

sampling locations. Additional information about the data quality and reliability of this method is 
discussed in Section 5.0. Poor matrix spike recovery results suggest that for the methods applied 
in this test, a serious matrix effect prevents the accurate measurement of selenium in the caustic 
impinger solutions and iodine monochloride samples.   
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4.0 Sampling and Analytical Methods 
 

The sampling and analytical methods applied during this test program are in various 
stages of maturity and each has a different track record with respect to its demonstrated ability to 
generate reliable and accurate results. Factors such as gas moisture content, system pressure, 
temperature, hydrogen sulfide (H2S) concentration, and general gas composition have significant 
and often detrimental effects on the ability or capacity of some of these methods to perform 
satisfactorily. 

 
The syngas moisture content, system pressure, temperature, and H2S concentration were 

taken into account during the sampling and analytical phases of this project. In some cases, this 
resulted in a reduction of gas sample volumes and/or an increase in the concentration or volume 
of specific impinger solutions (like sodium hydroxide) used to remove or reduce H2S while 
minimizing the impact on the sample collection. 

 
This section describes the sample collection and analytical processes for each of the 

sampling trains and any unusual circumstances that were observed during the test.    
 
4.1 Sampling Narrative 

The syngas sampling periods, the gas sample volumes collected, and the average 
sampling rates for each sampling train are listed in Appendix A. The first day of sampling 
involved some trial and error as the sampling system flows at the inlet and outlet of the Guard 
Bed were balanced for proper sampling system temperature control and minimizing the impact 
of the sample stream losses on the process. Sampling at the inlet and outlet of the Guard Bed 
required that the sample flow through the sampling manifold be fast enough to overcome heat 
losses and keep the sample temperature above the dewpoint.  

 
During collection of the first sample set, sample volumes and run times were extended to 

allow for the maximum planned sampling times. For the sampling trains that are reactive to H2S, 
primarily the potassium permanganate impinger train for mercury, the extended run time and the 
higher gas volume collected resulted in an exhaustion of the oxidation capacity and collection 
efficiency of the sampling train. Additionally, the reaction of carbon dioxide and other gas 
constituents saturated the sodium hydroxide impingers used to scrub H2S in the sampling train. 
This created problems with salting and crystallization in the impinger samples and these high 
ionic strength samples then required dilution for analysis. 

 
Samples collected during subsequent runs were reduced in volume and careful attention 

was paid to lowering the sampling rates, reducing the collected sample volumes, and stopping 
sample collection before the impinger solutions were exhausted. 
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Near the middle of the second test day, HTDS system operators reported some difficulty 
with the scrubber system associated with the HTDS system. In spite of any scrubber performance 
issues, sampling continued and Runs 2 and 3 were completed without incident. Sampling on the 
last test day was delayed as scrubber operation issues needed to be corrected. Once corrected, 
Runs 4 and 5 were completed. Results for some parameters for Runs 4 and 5 appear to be 
slightly lower than those for Runs 2 and 3. It is unknown whether the scrubber operation or any 
related process changes are responsible for the concentration changes observed.    
 
4.1.1 Sampling of Pressurized, Moisture-Saturated Gases 

To preserve the integrity of the gas sample and obtain proportional collection of water-
soluble parameters such as ammonia, hydrogen cyanide, and hydrogen chloride, the gas sample 
was above the dew point so that condensation would occur within the sampling train and not in 
the gas sampling manifold. To accomplish this, the sampling system design (Appendix B) used a 
sample bypass loop to move a sufficient amount of syngas sample through the sample line so that 
the latent heat of the syngas would overcome any heat loss to the system and atmosphere and 
keep the sample from falling below its dewpoint in the manifold system.  

 
Sample moisture results (Section 5.1) indicated that this approach was successful at 

providing consistent and representative samples to each of the sampling trains accessing the 
sampling manifold. The surface temperature of the manifold’s main control valve was monitored 
and sample flows were adjusted and maintained to provide sufficient heating of both sampling 
systems throughout the 3-day test period. The surface temperature of the manifold control valves 
measured at the Guard Bed Inlet and Outlet sample points were 290-295°F and 285-290°F, 
respectively. This was very close to 300°F, the estimated dew point of the syngas at 400 psig. 
Visual observations confirmed that condensate formation occurred in the individual sample lines 
going to the sampling trains and not in the sampling manifold (Section 5-1).   

 
4.1.2 Effects of Hydrogen Sulfide 

The H2S concentration was estimated to be between 0.8% and 1.2% in the raw syngas. To 
mitigate the reducing effects of the H2S, the sampling trains used at the Guard Bed Inlet and 
Outlet were modified with the addition of either multiple impingers containing a 20% sodium 
hydroxide solution, or additional collecting impingers, or in some cases, both. 

 
The use of sodium hydroxide solutions was only marginal successful at removing the 

sulfide from the syngas sample. High carbon dioxide concentrations and the presence of high 
levels of ammonia created an acid-base equilibrium within the impinger solution that eventually 
saturated the caustic solutions, and salts presumed to be ammonium carbonate/ammonium 
bicarbonate and sodium sulfide were precipitated. Evidence of sulfide in the potassium 
permanganate and iodine monochloride impinger solutions was evident by color changes (purple 
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to clear), or crystallization of iodine, respectively. The run times and sampling rates of these 
trains were reduced as observations during the run indicated when the collecting impingers 
solutions were nearing exhaustion. 

 
The penetration of H2S into the iodine monochloride solutions resulted in a precipitation 

of elemental iodine crystals in the impinger. While this did not appear to have any detrimental 
effects on the collection of metals (particularly arsenic) or on the digestion of the samples for 
analysis, sample recovery was complicated and hindered by the excessive volume and number of 
rinses needed to completely recover these crystals from the impinger.   

 
As previously noted, the effect of H2S on the potassium permanganate solution is one of 

the reduction of the permanganate ion (MnO4
-). The consequence of this MnO4

- reduction is that 
it reduces the oxidation capacity of the solution and thereby reduces the collection efficiency for 
elemental mercury. Operating experience and observations made while conducting the tests 
resulted in changes that successively reduced the sampling rates and sampling times for the 
mercury trains at the inlet and outlet of the Guard Bed. Samples collected in the latter runs 
retained the characteristic purple color of the permanganate ion, whereas the impinger samples 
for the first sampling runs were clear. The presence of sulfide in these impingers or the effect of 
exhausting the KMnO4 solution could not be determined. 

 
4.2 Ammonia and Hydrogen Cyanide 

Ammonia and hydrogen cyanide were collected in a single sampling train that combines 
and adapts the sampling approach of two impinger-based sampling methods: EPA Conditional 
Test Method (CTM-027), and the Texas Commission on Environmental Quality (TCEQ) zinc 
acetate method for hydrogen cyanide emissions. The sampling train consists of two impingers 
containing dilute sulfuric acid solution (CTM-027) followed by three impingers containing a 
solution of zinc acetate (TCEQ). Ammonia is readily collected in the acid solution, whereas the 
low pH condition allows HCN to pass through to the zinc acetate impingers where it is collected 
as a zinc-cyanide complex. The use of caustic (sodium- or potassium hydroxide) solutions for 
collection of HCN does not work in this application due to the pH-lowering effect of the carbon 
dioxide in the syngas, and due to the potential reaction between sulfide and cyanide ions to form 
thiocyanate in the impinger solution during and after sample collection.  

 
The basic ammonia-cyanide sampling train consists of six impingers. The first two 

impingers each contain 100 ml of 0.5N sulfuric acid solution for the collection of ammonia. The 
next three contain 200 ml of 2% zinc acetate solution for the collection of hydrogen cyanide (and 
hydrogen sulfide). The final impinger contains silica gel for gas drying. Some modifications 
were necessary for sampling raw syngas due to excessive foaming of the zinc acetate solutions 
and the precipitation of zinc sulfide. Table 4-1 summarizes the modified impinger train 
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configuration for the raw and clean syngas sampling trains. All impingers were weighed before 
and after sampling to determine the syngas moisture content. 

  
The ammonia-hydrogen cyanide sampling trains at all three sampling locations were run 

concurrently for about 20 minutes at metered sampling rates between 0.14 and 0.35 cfm. The 
total sample volume of clean syngas collected at the HTDS Outlet was approximately 5.75 dry 
normal cubic feet (dNcf = cubic feet at 32°F and 29.92" Hg). Raw syngas sample volumes were 
reduced due to the precipitation of zinc by H2S in the zinc acetate solution. Sample volumes 
collected at the Guard Bed Inlet and Outlet averaged 3.3 dNcf. Ammonia and hydrogen cyanide 
concentrations were sufficiently high and the reduced sample volumes still provided sample 
concentrations well in excess of the analytical method detection limits. 
 

Table 4-1.  Ammonia / Hydrogen Cyanide Impinger Train Configuration 

Raw Syngas (Guard Bed In/Out) Sampling Train HTDS Outlet (Clean Syngas) Sampling Train

Imp. No. Type Contents Imp. 
No. Type Contents 

1 Mod 0.5 N H2SO4 (100 ml) 1 Mod 0.5 N H2SO4 (100 ml) 
2 Mod 0.5 N H2SO4 (100 ml) 2 Mod 0.5 N H2SO4 (100 ml) 
3 G-S 2% ZnOAc (200 ml) 3 Mod 2% ZnOAc (200 ml) 
4 Mod 2% ZnOAc (200 ml) 4 G-S 2% ZnOAc (200 ml) 
5 G-S 2% ZnOAc (200 ml) 5 G-S 2% ZnOAc (200 ml) 
6 Mod Empty 6 Mod Silica Gel (~250 gm) 
7 Mod Silica Gel (~250 gm)    

 
 
4.2.1 Ammonia 

The sulfuric acid solutions were recovered into a single 1000 ml plastic bottle along with 
the deionized water rinses of the two acid-containing impingers. The pH of the acid-impinger 
solutions was checked after the first two runs to verify the pH was <1 for proper collection of 
ammonia and passage of HCN. 

 
The sulfuric acid impinger samples were analyzed for ammonia by EPA Method 350.1 

using an automated colorimetric analyzer, following distillation of the sample by EPA Method 
350.2. Distillation of the sample is necessary to get the ammonia into a less-acidic matrix so the 
analyzer is capable of adjusting the pH high enough to liberate the ammonia for the color-
developing reaction. The Severn Trent Laboratory (STL) in Austin, Texas performed the 
analysis.   
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4.2.2 Hydrogen Cyanide 
The zinc acetate impinger solutions (including any zinc sulfide precipitate) were 

recovered into a single 950 ml amber glass bottle along with the deionized water rinses of the 
zinc acetate-containing impingers, with the following exception. Two sampling trains, one from 
the Guard Bed Inlet (Run 1) and one from the Guard Bed Outlet (Run 3), were recovered for an 
assessment of the hydrogen cyanide collection efficiency. To assess the collection efficiency and 
breakthrough potential of this technique for HCN, each of the three zinc acetate impingers from 
two raw syngas sampling trains were recovered individually and analyzed separately. 
 

The zinc acetate impinger samples were analyzed for total cyanide ion using SW-846 
Method 9012B. The raw syngas samples contained precipitated zinc sulfide (a white solid 
residue). These solids were allowed to settle out and sample aliquots for distillation and analysis 
were decanted from the sample container. This approach effectively eliminates any interference 
from sulfide. After distillation, the samples were analyzed on an automated colorimetric 
analyzer. The STL Austin laboratory performed this analysis.   
 
4.3 Hydrogen Chloride 

Hydrogen chloride was collected in a single sampling train using an alkaline impinger 
solution consisting of sodium carbonate and sodium bicarbonate. The carbonate-bicarbonate 
solution is comparable to the eluent media used in the analysis of the samples by ion 
chromatography, so matrix effects from using acid- or caustic-based solutions are eliminated and 
greater sensitivity is achieved. 

 
The sampling train consists of four impingers. The first two impingers each contained 

100 mls of a 1.8 milliMolar sodium carbonate and 1.7 milliMolar sodium bicarbonate solution. 
For the raw syngas samples, these impingers were followed by an impinger containing 20% 
NaOH scrubbing solution for removal of hydrogen sulfide. For the clean syngas, an empty 
impinger was used. The final impinger is filled with silica gel to absorb any remaining gas 
moisture. Each impinger was weighed prior to assembly of the sampling train, and again after 
sampling to enable the determination of the moisture content of the syngas sample. Table 4-2 
summarizes the configurations for the alkaline impinger trains.  

 
Table 4-2.  Alkaline Impinger Train Configuration (HCl) 

HTDS Inlet/Outlet (Raw Syngas)  Sampling Train HTDS Outlet (Clean Syngas) Sampling Train 
No. Type Contents No. Type Contents 
1 Mod 1.8 mM CO3

=/1.7 mM HCO3
- (100 ml) 1 Mod 1.8 mM CO3

=/1.7 mM HCO3
- (100 ml) 

2 G-S 1.8 mM CO3
=/1.7 mM HCO3

- (100 ml) 2 G-S 1.8 mM CO3
=/1.7 mM HCO3

- (100 ml) 
3 Mod 20% NaOH (200 ml) 3 Mod Empty 
4 Mod Silica Gel (~250 gm) 4 Mod Silica Gel (~250 gm) 
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The HCl sampling trains at all three sampling locations were run concurrently for a 
period of 60 minutes at metered sampling rates of approximately 0.5 cfm, ranging from 0.34  to 
0.61 cfm. The total sample volume of syngas collected was nominally 29 dNcf (0.82 Nm3). The 
clean syngas sampling period at the HTDS Outlet for Run 2 was inadvertently extended to 75 
minutes and resulted in a sample volume of 1.00 Nm3. This did not adversely affect the sample 
integrity, but served to slightly lower the detection limit for chloride. 
 

Recovery of the sampling train included weighing each individual impinger to determine 
the amount of condensed water vapor in the sample, followed by the recovery of the carbonate 
impinger solutions. The carbonate solutions were recovered into a single 1,000 ml plastic bottle 
along with deionized water rinses of the impingers.  
 

The carbonate-bicarbonate impinger solutions were analyzed directly for chloride ion by 
ion chromatography using EPA Method 300.0. The STL Austin laboratory performed this 
analysis.   
 
4.4 Trace Metals and Mercury 

The design of this test program provided, at a minimum, results from two distinctly 
different sample collection methods applicable for trace metals and mercury. As stated earlier in 
the introduction, none of these methods have been specifically validated by EPA standards for 
their use with syngas. The validation of these methods was not an objective of this test, however 
the methods were evaluated for collection efficiency, consistency, and comparability wherever 
possible. The following text is a description of the sampling and analytical techniques used to 
measure trace metals and mercury in the syngas.  
 
4.4.1 Charcoal Adsorption Method 

Sorbent sampling tubes containing 1.000 gram of acid-washed, coconut-shell charcoal 
were prepared for the collection of mercury and the other target trace elements (As, Cd, Se). The 
charcoal sorbent sampling train consists of three sorbent tubes connected in series. For the raw 
gas samples upstream of the HTDS system, a midget impinger preceded the charcoal sorbent 
tubes to serve as a collection vessel for condensed water vapor. 

 
Following the sorbent tubes, the sampling train consists of a series of impingers 

containing sufficient sodium hydroxide for removal of hydrogen sulfide, and a gas drier 
containing silica gel. These components protect the dry gas meter from the corrosive effects of 
the acid gas, eliminate the release of toxic hydrogen sulfide to the atmosphere, and remove any 
residual moisture from the gas sample before being metered. Table 4-3 presents the charcoal 
sorbent sampling train configuration. 
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Table 4-3. Charcoal Sorbent Tube Sampling Train Configuration 

Raw Syngas Sampling Train 
(Guard Bed Inlet/Outlet) 

Clean Syngas Sampling Train  
(HTDS Outlet) 

No. Type Contents No. Type Contents 

1 Midget Empty 1 Tube 1-gram sorbent tube (Tube “A”) 
2 Tube 1-gram sorbent tube (Tube “A”) 2 Tube 1-gram sorbent tube (Tube “B”) 
3 Tube 1-gram sorbent tube (Tube “B”) 3 Tube 1-gram sorbent tube (Tube “C”) 
4 Tube 1-gram sorbent tube (Tube “C”) 4 Midget 20% NaOH (15 ml) 
5 Midget 20% NaOH (15 ml) 5 Midget Silica Gel (~30 gm) 
6 Midget 20% NaOH (15 ml)    
7 Midget Silica Gel (~30 gm)    

 
 

Charcoal tube samples at all three sampling locations were started and collected 
concurrently at a metered sampling rate of approximately 0.5 liters per minute over a two-hour 
period for a total sample volume of 60 liters (0.060 Nm3).  

 
Following sample collection, the raw syngas moisture condensed from the Guard Bed 

Inlet and Outlet samples was recovered and rinsed with deionized water into 40 ml glass sample 
vials. The charcoal sorbent tubes were capped individually and labeled. 

  
Each charcoal sampling train produced three charcoal sorbent tube samples. The first two 

charcoal tubes (“A” and “B”) from each sample set were analyzed. The third sample tube (“C”) 
from one sample set from each location was also analyzed to assess collection efficiency and 
breakthrough potential. For arsenic, a small, but potentially significant percentage of 
breakthrough was identified so all of the Tube C samples were analyzed for arsenic. 

 
Charcoal sorbent samples were prepared for analysis by digesting the entire charcoal 

contents of each tube in 20 ml of aqua regia. The glass wool plugs were discarded. The aqua 
regia was prepared in each digestion tube by first adding 5 ml of concentrated hydrochloric acid 
(HCl) to the charcoal sample, followed by the addition of 15 ml of concentrated nitric acid 
(HNO3). The digestion tubes containing the charcoal samples and aqua regia were then digested 
at 85°C for two hours in a block digestor. After cooling, the digestate was transferred to a 100 ml 
volumetric flask with deionized water. The charcoal and digestion tube were rinsed multiple 
times with deionized water and the rinses were collected in the volumetric flask to bring the total 
digestate sample volume to 100 ml. 

 
The digestate sample was then well-mixed and split into two 50-ml portions, one for 

mercury analysis and one for the analysis of the other trace metals. Potassium permanganate 
(1.00 ml of 5% w/v solution) was added to the mercury sample fraction as a preservative. The 
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mercury sample fraction was analyzed by cold vapor atomic absorption spectroscopy (CVAAS) 
as described in ASTM D3684 and SW-846 Method 7470A. The trace metals fraction was 
analyzed for arsenic, cadmium, and selenium by inductively coupled plasma mass spectroscopy 
(ICP-MS) using SW-846 Method 6020.  

 
The condensate/rinse fraction was also split and analyzed for mercury and the selected 

trace metals by SW-846 Methods 7470A and 6020, respectively. STL in Austin, Texas 
performed the ICP-MS and CVAAS analyses. 
 
4.4.2 Iodine Monochloride Impinger Method 

In addition to the charcoal tube sampling for As, Cd, and Se, an impinger method using 
an iodine monochloride solution was also performed. The iodine monochloride method has been 
used by Krupp Uhde in Europe for the determination of iron and nickel carbonyls, and hydrides 
of arsenic (arsine), selenium, and antimony in clean, desulfurized syngas. This technique was 
conducted primarily for the determination of arsenic, cadmium, and selenium, however, since a 
similar solution is also prescribed in EPA Method 101 for mercury, an attempt was also made to 
analyze the impinger solutions for mercury. 

 
The sampling train consists of three impingers, each containing 100 mls of a 16% iodine 

monochloride solution prepared in glacial acetic acid. The first and third ICl impingers were of 
the modified Greenburg-Smith design while the second ICl impinger was of the standard 
Greenburg-Smith design. These impingers were followed by an impinger containing a 1 Normal 
solution of sodium thiosulfate to collect any volatilized iodine and an impinger containing silica 
gel desiccant. The amount of thiosulfate solution added to this impinger was increased from 100 
ml to 150 ml and later to 200 ml as operating experience indicated that more iodine reductant 
was needed to efficiently collect the volatilized iodine. Each impinger was weighed before and 
after sampling to enable the determination of the moisture content of the syngas sample.  

 
Since the iodine monochloride solution is reactive to H2S, this method requires a 

modification to remove H2S from the raw syngas. A series of impingers containing a 20% 
solution of sodium hydroxide was used to capture a significant amount of H2S prior to the 
iodine-containing impingers. Since there is some potential for the NaOH scrubbing solution to 
collect the targeted elements, this solution was also recovered and analyzed. Table 4-4 
summarizes the iodine monochloride impinger train configurations for each sampling location.  
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Table 4-4.  Iodine Monochloride Impinger Train Configuration 

Raw Syngas Sampling Train 
(Guard Bed Inlet/Outlet) 

Clean Syngas Sampling Train  
(HTDS Outlet) 

No. Type Contents No. Type Contents 
1 Mod 20% NaOH (200 ml) 1 Mod 16% ICl in HOAc (100 ml) 
2 G-S 20% NaOH (200 ml) 2 G-S 16% ICl in HOAc (100 ml) 
3 Mod Empty 3 Mod 16% ICl in HOAc (100 ml) 
4 Mod 16% ICl in HOAc (100 ml) 4 Mod 1 N Na2S2O3 (200 ml) 
5 G-S 16% ICl in HOAc (100 ml) 5 Mod Silica Gel (~250 gm) 
6 Mod 16% ICl in HOAc (100 ml)    
7 Mod 1 N Na2S2O3 (200 ml)    
8 Mod Silica Gel (~250 gm)    

 
 

Iodine monochloride impinger samples at all three sampling locations were started 
immediately before starting the charcoal tube samples since they shared a common sample line. 
The samples were collected at a metered sampling rate of approximately 0.5 cfm over a two-hour 
period for a total sample volume of 60 dry standard cubic feet. 

 
Recovery of the sampling train first involved weighing each individual impinger to 

determine the amount of condensed water vapor in the syngas sample, followed by the recovery 
of the collecting solutions and rinses. The iodine monochloride impingers were recovered into 
amber glass sample bottles. The impingers and connecting glassware were then rinsed with 1 
Molar sulfuric acid, followed by concentrated nitric acid. The respective rinses were combined 
with the iodine monochloride impinger samples.  

 
Two raw syngas sampling trains and two clean syngas sampling trains were recovered so 

that individual ICl impingers could be analyzed separately. This approach provides data to assess 
the collection efficiency of the impinger train for the metals of interest under both raw and clean 
syngas sampling conditions. These results are discussed in Section 5.0.  

  
For the raw gas sampling train, the caustic impinger solutions were also recovered into a 

single amber glass bottle (with deionized water rinses) and analyzed for all of the target metals. 
 

Each iodine monochloride impinger solution was prepared for trace metal analysis by 
partly evaporating a measured aliquot of the impinger sample, dissolution of the residue with 5 
ml of concentrated nitric acid, and reconstitution with deionized water to a 100 ml final volume. 
Some samples were digested in their entirety and brought to a 100 ml final volume. Other 
samples were digested by taking 100 ml aliquots, and some were digested by taking over 50% of 
the total sample to a 100-ml final volume. This enabled an evaluation of the method for 
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concentrating sample volumes and improving detection limits. All sample digestates were 
analyzed by ICP-MS for arsenic, cadmium, and selenium.  

 
The caustic impinger samples were diluted 1:10 and digested using SW-846 Method 

3020A and analyzed by ICP-MS for arsenic, cadmium, and selenium. Mercury was analyzed by 
CVAAS using SW-846 Method 7470A. Additional potassium permanganate was required for the 
digestion step to reduce excess sulfide in these raw syngas samples. 
 

Attempts to measure mercury in the iodine monochloride matrix were unsuccessful by 
CVAAS using the procedure described in EPA Method 101, even when additional stannous 
chloride reductant was added and samples were partially reduced before being introduced to the 
CVAAS. Further research into the application of the iodine monochloride impinger method for 
mercury will be needed. 
 
4.4.3 Potassium Permanganate Impinger Method 

The impinger sampling method developed under DOE sponsorship was first tested at the 
LGTI facility and was further demonstrated successfully in lab studies conducted by URS. This 
technique uses a series of impingers that contain sodium hydroxide solution (to remove hydrogen 
sulfide), followed by acidic potassium permanganate solutions for total mercury collection. A 
hydrochloric acid rinse of the permanganate impingers was performed to recover any residues 
left in the impingers (comparable to the HCl rinse specified in EPA Method 29).  

 
The permanganate sampling train consists of five impingers for the raw syngas sampling 

locations (Guard Bed Inlet and Outlet), and three impingers for clean syngas sampling at the 
HTDS Outlet. For the raw syngas sampling trains, the first two contain sodium hydroxide 
solution, and are followed by two impingers containing 100 ml of acidified potassium 
permanganate solution, and an impinger containing silica gel. For the clean syngas, the sodium 
hydroxide impingers were eliminated. Each impinger was weighed before and after sampling to 
determine the moisture content of the syngas sample. Table 4-5 summarizes the permanganate 
impinger train configurations for each sampling location.  
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Table 4-5.  Potassium Permanganate Impinger Train Configuration 

Raw Syngas Sampling Train 
(Guard Bed Inlet/Outlet) 

Clean Syngas Sampling Train  
(HTDS Outlet) 

No. Type Contents No. Type Contents 
1 Mod 20% NaOH (200 ml) 1 Mod 4% KMnO4/10% H2SO4 (100 ml) 
2 G-S 20% NaOH (200 ml) 2 Mod 4% KMnO4/10% H2SO4 (100 ml) 
3 Mod 4% KMnO4/10% H2SO4 (100 ml) 3 Mod Silica Gel (~250 gm) 
4 Mod 4% KMnO4/10% H2SO4 (100 ml)    
5 Mod Silica Gel (~250 gm)    

 
 

The permanganate impinger trains at all three sampling locations were started 
immediately after the charcoal tube samples and were run concurrently with the charcoal tube 
sampling train to provide comparable samples for each collection method. The initial samples 
(Run 1) were collected at a metered sampling rate of approximately 0.5 cfm and were run for a 
full two-hour sampling period. The potassium permanganate solutions in the raw syngas 
sampling trains were completely exhausted and were discarded. The HTDS outlet sample was 
lost due to a recovery error when the sampling train was shut down after sampling.  

 
The sampling rate and sampling period were reduced during subsequent sampling runs to 

prevent H2S from exhausting the oxidation capacity of the permanganate solutions that could 
potentially reduce the mercury collection efficiency. The optimum sampling period and sampling 
rate for the raw syngas was found to be 90 minutes at a nominal rate of 0.3 cfm for a sample 
volume of approximately 27 dNcf (0.7 Nm3). Clean syngas samples from the HTDS outlet were 
collected over the full 2-hour sampling period at a nominal metered rate of 0.5 cfm for an 
average total sample volume of approximately 53 dNcf (1.5 Nm3). 

 
The potassium permanganate impinger solutions were recovered in accordance with EPA 

Method 29 and were placed in a single 950-ml amber glass sample bottle. The impingers and 
collecting glassware were rinsed with additional potassium permanganate solution followed by 
deionized water. A separate rinse of the permanganate impingers with 25 ml of 8 Normal 
hydrochloric acid, followed by deionized water was performed. These rinses were recovered into 
a separate glass sample bottle and brought to a final volume of 225 ml. 

 
For the raw syngas sampling trains, the alkaline impingers were also recovered and 

analyzed for mercury. The NaOH solution were collected and combined into a single 950-ml 
amber glass bottle. The impingers were rinsed with DI water and the rinses were added to the 
sample.  
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The potassium permanganate and HCl rinse samples were prepared for mercury analysis 
by CVAAS as described in EPA Method 29 for the comparable mercury sample fractions. The 
STL Knoxville laboratory performed these analyses. The sodium hydroxide impinger samples 
were analyzed by SW-846 Method 7470A at the STL Austin laboratory. 
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5.0 Quality Control Results 
 

One of the objectives of this test program was to obtain performance data on each 
measurement method. With new techniques, unproven methods, and methods that have 
demonstrated inconsistent performance in the past, quality control measurements and data 
evaluations are very important for assessing the reliability of the results. This section describes 
the quality control activities and the results of the QA/QC measurements that were performed 
during this test program. 
 
5.1 Sample Collection 

One aspect of quality control relates to sample collection and being certain that the 
samples collected are representative and supportable. Critical QC measurements include the 
calibration of the measuring systems for gas volume, pressure, temperature, and mass. The 
calibrations of all dry gas test meters (DGMs) used for measuring gas sample volume were 
checked before the test and again after testing was completed. All calibration checks met the 
tolerances prescribed in 40 CFR Part 60 Appendix A for standard stack emissions testing.  

 
Thermocouples and temperature displays were also checked for accuracy before testing. 

During testing, multiple temperature readings (i.e. dry gas meter temperatures) were also 
compared for consistency at ambient temperature. All temperature measurement devices were 
found to be in compliance with the standards set forth in 40 CFR Part 60 Appendix A, and they 
functioned properly and consistently through out the test.  

 
Another critical measurement that indicates the representativeness of the samples is the 

sample moisture. The design of the sampling manifolds at all sampling locations required that 
syngas moisture be condensed in individual sample lines and not in the header upstream of the 
control valves. Uneven distribution of condensed water would have biased test results, especially 
with respect to the more water-soluble parameters, but more importantly, it would also have 
raised questions about the overall sample validity.  

 
To ensure sample representativeness, the distribution headers at the Guard Bed Inlet and 

Outlet were insulated, the control valve temperatures were monitored, and sample flows were 
adjusted and maintained to provide sufficient heating of both sampling systems throughout the 
three-day test period. The surface temperature of the manifold control valves measured at the 
Guard Bed Inlet and Outlet sample points ranged between 290-295°F, and 285-290°F, 
respectively. This was very close to 300°F, the estimated dew point of the syngas at 400 psig.  
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In addition to monitoring the valve temperature, the point of water vapor condensation 
was visually monitored during sampling to verify that condensate originated in the Teflon 
sample lines and not in the sample header. More important, the syngas moisture results were 
consistent for each sampling point and for each sampling train, thereby providing a direct 
measurement of sample representativeness based on the proportionate distribution of water 
vapor. These results are summarized in Table 5-1. 
 

The calibration accuracy of the electronic balance used for sample moisture 
determinations and reagent preparation was checked daily and all standard weight measurements 
were within 0.5% of the standard. 
 

Table 5-1.  Syngas Sample Moisture (vol %) 

Sampling Train NH3/HCN HCl ICl Metals Hg-KMnO4 Average 95% CI 

Run 1 
Guard Bed Inlet 20.5 21.8 23.6 23.6 22.4 2.4 
Guard Bed Outlet 19.9 32.0 23.7 23.5 24.8 8.2 
HTDS Outlet 4.3 3.5 1.3 --- 3.1 3.9 
Run 2 
Guard Bed Inlet 20.6 21.8 23.2 22.3 22.0 1.8 
Guard Bed Outlet 17.2 18.9 21.0 21.4 19.6 3.1 
HTDS Outlet 3.2 1.7 1.5 1.6 2.0 1.3 
Run 3 
Guard Bed Inlet 17.8 21.5 23.2 22.5 21.2 3.8 
Guard Bed Outlet 16.1 12.0 20.8 20.5 17.4 6.7 
HTDS Outlet 2.0 1.6 1.4 1.4 1.6 0.5 
Run 4 
Guard Bed Inlet 16.3 21.6 23.3 25.6 21.7 6.3 
Guard Bed Outlet 18.5 19.1 21.5 22.6 20.4 3.1 
HTDS Outlet 1.4 0.6 0.5 0.5 0.7 0.7 
Run 5 
Guard Bed Inlet 18.0 21.5 23.5 26.7 22.4 5.8 
Guard Bed Outlet 15.0 19.4 21.4 22.7 19.6 5.4 
HTDS Outlet 0.9 0.8 0.6 0.7 0.8 0.2 
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5.2 Analytical Quality Control Results 
Analytical quality controls are designed to ensure that the operation and the accuracy of 

the analytical measurement systems are within established acceptable limits, and to enable the 
data user to assess the measurement accuracy, precision, and overall confidence in the results. 
This section discusses the results of the following analytical quality controls that were applied to 
the samples from this test program: 
 

• Instrument Calibration; 
• Calibration Verification/Check Samples; 
• Laboratory Check Samples (LCS) and LCS Duplicates (LCSD); 
• Matrix Spikes and Matrix Spike Duplicates (MS/MSD); 
• Laboratory Blanks; and 
• Reagent/Media Blanks. 

 
Table 5-2 summarizes the project’s data quality objectives for these controls relative to 

each test parameter. Table 5-3 summarizes the number and type of field-specific quality control 
samples that were collected. 

 
Table 5-2.  Analytical Data Quality Objectives 

Sampling Train Sample Fraction Calibrations LCS/LCSD MS/MSD Lab Blanks 

Charcoal Tube 

Condensate/Rinse 
ICl Impingers 

Metals by ICP/MS (As, 
Cd, Se) 

NaOH Impingers 

All laboratory 
method blanks 
and system 
blanks should be 
less than the RL 
for ICP/MS. 

Charcoal Tube 
Condensate/Rinse 

ICl Impingers 
NaOH Impingers 

KMnO4 Impingers 

Mercury by CVAAS 

HCl Rinse 
Chloride by IC CO3

=/HCO3
- Impingers 

Ammonia by 
Spectrophotometry Sulfuric acid impingers 

Cyanide by 
Spectrophotometry Zinc Acetate Impingers 

All initial 
calibrations and 
calibration 
check samples 
to be recovered 
at 90% – 110% 

LCS/LCSD 
recovery  
90%-110%;  
RPD < 20%. 
Contact project 
mgr and flag 
data. 

MS/MSD 
recovery  
85%-115%;  
RPD < 20%. 
Contact project 
mgr and flag 
data. 

All laboratory 
method blanks 
and system 
blanks should be 
less than the 
MDL. 

 
 

Generally, for all of the analytical instruments that were used to analyze samples from 
this test, the initial calibrations, and the calibration accuracy checks with independent standards 
were within the project’s data quality objectives and the laboratory’s standards. Exceptions are 
noted in the subsequent sections pertaining to the individual analytical parameters. 
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Table 5-3.  Project-Specific Analytical Quality Control Samples 

Sampling Train Sample Fraction Test 
Parameter 

Reagent/Media 
Blanks 

Matrix 
Spikes Sample Analysis 

Charcoal Tube As, Cd, Se 
Hg 4 2 a 

Sample tubes A & B 
analyzed individually to 
assess collection 
efficiency. One C sample 
tube from each sampling 
location analyzed to check 
for breakthrough.  

As, Cd, Se 0 1 

Charcoal Adsorption 

Condensate/Rinse Hg 0 1 One sample per run. 

 
As, Cd, Se 

 
2 2 

ICl Impingers 

Hg 2 2 

Impingers from four 
samples (two raw syngas 
and two clean syngas) 
were recovered 
individually and analyzed 
separately to assess 
collection efficiency 

As, Cd, Se 1 2 

Iodine Monochloride 
Train 

NaOH Impingers Hg 1 2 
One composite sample per 
train 

NaOH Impingers 1 2 One composite sample per 
train 

KMnO4 Impingers 1 2 One composite sample per 
train 

Potassium 
Permanganate Train 

HCl Rinse 

Hg 

1 2 One rinse sample per train 
Alkaline Impinger 

Train 
CO3

=/HCO3
- 

Impingers 
HCl / Cl2 
(as Cl-) 1 2 One composite sample per 

train 
Sulfuric acid 

impingers 
NH3 

(as NH3-N) 1 2 One composite sample per 
train 

Ammonia/Cyanide 
Train Zinc Acetate 

Impingers 
HCN 

(as CN-) 1 2 

One set of impingers from 
each sampling location to 
be recovered individually 
and analyzed separately to 
assess collection 
efficiency 

a Since the entire charcoal tube sample is prepared for analysis, matrix spikes on charcoal tube samples were performed on blank 
charcoal tubes by spiking liquid standards in the digestion vial before digestion. 

 
 
5.2.1 Ammonia 

The results for ammonia met most of the data quality objectives of this project and are 
considered acceptable based on the following factors and quality control results: 

 
• A low pH (<1.0) was maintained in both sulfuric acid collecting impingers during 

sampling suggesting complete capture of ammonia by the impinger samples; 

• The laboratory check sample result met the project objectives with recovery of 100%; 

• Matrix spike and matrix spike duplicate recoveries for the Guard Bed Outlet sample 
from Run 3 were indeterminate because the native sample concentration (57 mg/L) 
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was over ten times the spike amount (5 mg/L) and recovery percentages could not be 
reliably assessed at such a relatively low spike percentage; 

• The field reagent blank and laboratory method blank samples did not indicate any 
significant level of background or system contamination relative to the concentrations 
found in the gas samples; and  

• Results appear consistent between sampling runs at the same location. 

 
5.2.2 Cyanide 

The collection of hydrogen cyanide in zinc acetate solutions as a zinc metal-cyanide 
complex is not as well demonstrated or considered as effective as the more favorable collection 
kinetics of ammonia by an acidic solution. This is especially true when hydrogen sulfide 
precipitates and removes the zinc from the solution, thereby decreasing the potential for 
complexing and collecting cyanide. To assess the collection efficiency under these test 
conditions with H2S, the three individual zinc acetate impingers from one Guard Bed Inlet and 
one Guard Bed Outlet sampling train were recovered and analyzed separately. The zinc acetate 
impingers in the rest of the sampling trains were recovered as single composite samples. 

 
The results of the individual impinger analyses are shown in Table 5-4. Indications for 

the first sample collected at the Guard Bed Inlet are that nearly 12% of the HCN made it to the 
third collecting impinger, with only 49% collected in the first impinger. For the Guard Bed 
Outlet sample, only 5% was collected in the third impinger, while 83% was retained in the first 
impinger.  

 
Table 5-4.  Hydrogen Cyanide Sampling Train Collection Efficiency 

Sample ZnOAc Imp 1 ZnOAc Imp 2 ZnOAc Imp 3 Total 

Guard Bed Inlet – Run 1 
Result (µg CN-) 1,380 1,104 330 2,814 
% of Total 49.0 39.2 11.7  
Guard Bed Outlet – Run 3 
Result (µg CN-) 133 19 8 160 
% of Total 83.3 11.6 5.1  

 
 
When compared to the Guard Bed Outlet sample collected during Run 3, the Run 1 

Guard Bed Inlet sample was collected at a faster sampling rate and for a longer sampling period. 
The Run 1 Inlet samples also exhibited more foaming characteristics in the impingers and there 
was a significant amount of zinc sulfide precipitate in each of the collecting impingers, 
suggesting that the results for the Run 1 Inlet sample are a result of physical carryover and not 
necessarily poor collection efficiency.  
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After Run 2, the impinger configuration for subsequent runs was changed by switching 
the more-agitating, Greenburg-Smith impinger from the first to the second position. A straight-
tipped “modified” impinger was placed in the first position. This helped reduce the foaming and 
carryover of the zinc acetate solution between impingers. The results for the Run 3 Guard Bed 
Outlet sample indicate much better retention (95%) in the first two impingers, and the collection 
efficiency would seem to be near complete by the three-impinger sampling train configuration. 

 
Individual impingers for the clean syngas at the HTDS Outlet were not collected or 

analyzed separately. 
 
Factors that could indicate a slight negative bias in the results, especially for the first one 

or two runs include: 
 
• Evidence of 88% HCN collection in the first two collecting impingers in the Guard 

Bed Inlet sample from Run 1; 

• Carryover of zinc sulfide and zinc acetate solution between impingers, thereby 
mixing precipitated zinc and “fresh” solution and reducing gas contact time with 
sufficient zinc collecting media; and 

• Larger sample volumes and faster sampling rates may have led to zinc precipitation 
and depletion of the collecting medium. 

 
However, the results do not seem to indicate a significant or discernible bias as the first two runs 
exhibit the highest HCN concentrations across all samples.  
 

The results for cyanide ion in the zinc acetate impinger solutions met most of the data 
quality objectives and are considered acceptable based on the following factors and quality 
control results: 

 
• Evidence of 95% HCN collection in the first two collecting impingers in the Guard 

Bed Outlet sample from Run 3; 

• Laboratory check sample result met the project objectives with recovery of 97%; 

• Matrix spike recovery for the Guard Bed Inlet sample from Run 5 was 177% and 
145%, with an RPD of 5.9%; The high recovery percentages may be due to the wide 
disparity between the native sample concentration (0.91 mg/L) and the amount spiked 
(0.25 mg/L); 

• Field reagent blank and laboratory method blank samples did not indicate any 
significant level of background or system contamination; and  

• Results appear consistent between sampling runs at the same location. 
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5.2.3 Chloride 
Sampling for hydrogen chloride is similar to ammonia in that HCl has a great affinity for 

aqueous solutions, almost regardless of pH. To facilitate an acid-base collection mechanism, the 
collecting impingers used for HCl were dilute alkaline solutions of sodium carbonate and sodium 
bicarbonate salts. Collection efficiency is not expected to be an issue with this sampling train, 
even in the presence of H2S. However, there were some analytical challenges to be overcome by 
the presence of an unidentified interferent in the ion chromatography. The interference was 
overcome by running various sample dilutions and by spiking to confirm the identity and 
integration of the chloride peak. 

 
The results for chloride ion in the alkaline impinger solutions are very low and are near 

the method detection limit. Some of the analytical quality controls reflect the imprecision and 
lower accuracy associated with measurements near the low end of the calibration curve. 
However, the primary quality control measures that demonstrate the proper and accurate function 
of the analytical systems met the data quality objectives. Sample specific QC sample results 
indicate that some matrix effects at these low levels may result in some measurement 
uncertainty, but at these low levels, this uncertainty is not significant. The quality control results 
included: 

 
• Laboratory check sample results met the project objectives with recoveries of 98%, 

94%, and 91%, indicating that the ion chromatography system was properly 
calibrated; 

• Matrix spike and matrix spike duplicate recoveries for the HTDS Outlet sample from 
Run 3 met the project data quality objectives with 91% and 89% recovery of a 4 mg/L 
spike level, and an RPD of 2.1 %; 

• Matrix spike and matrix spike duplicate recoveries for the Guard Bed Outlet sample 
from Run 1 did not meet the project data quality objectives with 68% and 64% 
recovery of a low 1 mg/L spike level, but the RPD of 4.0% indicates good analytical 
precision; 

• Matrix spike and matrix spike duplicate recoveries for the Guard Bed Inlet sample 
from Run 1 also did not meet the project data quality objectives with a MS recovery 
of 62% and an MSD recovery also at 62%; the RPD of 0% indicates excellent 
analytical precision; 

• Matrix spike and matrix spike duplicate recoveries for the Guard Bed Inlet and Outlet 
sample from Run 1 were lower than the project’s data quality objective of 85%-
115%, however, the spiking levels were lowered from 4 mg/L to 1 mg/L to test the 
accuracy of the method at the low levels (<1 mg/L) measured in the samples. At this 
level, the matrix effects made integrations of atypical peak signals difficult;  

• Field reagent blank and laboratory method blank samples did not indicate any 
measurable level of background or system contamination; and  

• Results appear consistent between sampling runs at the same location. 
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5.2.4 Arsenic, Cadmium, and Selenium 
Quality control sample results for arsenic, cadmium, and selenium by ICP/MS are 

included for multiple analytical batches since there were numerous sample matrices analyzed. 
The sample matrices analyzed for these trace elements included 

 
• Sodium hydroxide solutions from the iodine monochloride impinger sampling train; 
• Iodine monochloride impinger sample digestates;  
• Gas condensate from the raw syngas charcoal sampling trains; and  
• Aqua regia digestates of the charcoal sorbent samples. 

 
For the sodium hydroxide impinger samples, the following quality control sample results were 
generated: 
 

• Laboratory check sample result met the project objectives with recovery of arsenic, 
cadmium, and selenium at 92%, 99%, and 97%, respectively; 

• Matrix spike and matrix spike duplicate recoveries for the Guard Bed Outlet sample 
from Run 5 were 82% and 83% (RPD 1.6%) for arsenic, 95% and 94% (RPD 0.57%) 
for cadmium, and 4.8% and 5.9% (RPD 20%) for selenium; and 

• Field reagent blank and laboratory method blank samples did not indicate any 
measurable level of background or system contamination relative to the 
concentrations found in the gas samples. 

 
Poor selenium spike recovery points to a serious matrix effect in the caustic sample 

matrix. Results for selenium in the caustic scrubber samples of the iodine monochloride 
sampling train should not be considered representative and any results above detection limits 
should be viewed as very low estimates of the actual selenium concentration. This is borne out in 
the comparative sample results shown in Section 3.4. 
 

For the iodine monochloride impinger samples, the following quality control sample 
results were generated: 
 

• Recovery of the laboratory check samples for arsenic, cadmium, and selenium were 
94.7% and 96.0% (RPD 1.4%), 103.4% and 102.6% (RPD 0.8%), and 23.0% and 0% 
(RPD 200%), respectively; 

• Matrix spike and matrix spike duplicate recoveries for the Guard Bed Inlet sample 
from Run 4 were indeterminate for arsenic, 104.5% and 102.5% (RPD 1.9%) for 
cadmium, and 38.5% and 0% (RPD 200%) for selenium; and 

• Field reagent blank and laboratory method blank samples did not indicate any 
significant levels of background or system contamination relative to the 
concentrations found in the gas samples. 
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Poor selenium spike recovery indicates a serious matrix effect in the iodine monochloride 
sample matrix. Results for selenium in the iodine monochloride sampling train should not be 
considered representative and any results above detection limits should be viewed as very low 
estimates of the actual selenium concentration. 

 
The indeterminate arsenic matrix spike recovery was the result of having a low spiking 

level (60 µg/L) relative to the parent sample concentration (3,690 µg/L). The recovery of arsenic 
in the laboratory check samples indicates excellent arsenic recovery in the blank iodine 
monochloride matrix.    
 

For the gas condensate samples recovered from the raw syngas charcoal sampling trains, 
the following quality control sample results were generated: 
 

• Laboratory check sample result met the project objectives with recovery of arsenic, 
cadmium, and selenium at 80%, 94%, and 94%, respectively; 

• Matrix spike recoveries for the Guard Bed Inlet sample from Run 2 were 
indeterminate for arsenic and selenium and only at 17% for cadmium. The poor 
recovery results were apparently due to a combination of high parent sample 
concentrations and relatively low spike levels (particularly for arsenic) and other 
contributing matrix effects (like the presence of dissolved sulfide);  

• Field reagent blank and laboratory method blank samples did not indicate any 
measurable level of background or system contamination relative to the 
concentrations found in the gas samples. 

 
Poor matrix spike recoveries suggest that these samples should undergo a digestion step, 

or at least be preserved in the field with nitric acid to dissolve any metal sulfides that could drop 
out of solution. Based on previous results on gas condensate samples, little to no metals have 
been recovered from this sample fraction, so less attention was paid to the significance of the 
preservation and preparation techniques. 
 

The aqua regia digestate samples prepared from the charcoal sorbent samples generated 
the following quality control sample results: 
 

• Laboratory check sample and check sample duplicate results met the project 
objectives with recovery of arsenic at 92.7% and 96.0% (RPD 3.5%), cadmium at 
103% and 108% (RPD 4.0%), and selenium at 99.2% and 103% (RPD 3.4%); 

• Matrix spike and matrix spike duplicate recoveries for arsenic and cadmium in the 
blank charcoal matrix met the project objectives with recoveries of arsenic at 91.3% 
and 89.9% (RPD 1.5%), and cadmium at 103% and 102% (RPD 1.0%); 
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• Selenium matrix spikes were recovered at 73.0% and 76.0% (RPD 4.0%), below the 
data quality objective of 85% - 115%; the low matrix spike recovery for selenium 
may be a function of the matrix or possibly volatile losses during the digestion step 

• Charcoal blank and laboratory method blank samples did not indicate any significant 
level of background or system contamination relative to the concentrations found in 
the gas samples. 

 
5.2.5 Mercury 

Quality control sample results for mercury by cold-vapor atomic absorption 
spectrophotometry (CVAAS) were also generated for the multiple analytical batches and various 
sample matrices analyzed. The sample matrices analyzed for mercury include: 

 
• Sodium hydroxide solutions from the iodine monochloride and potassium 

permanganate-based impinger sampling trains; 

• Potassium permanganate impinger samples;  

• HCl impinger rinses of the potassium permanganate impingers; 

• Iodine monochloride impinger solutions;  

• Gas condensate from the raw syngas charcoal sampling trains; and  

• Aqua regia digestates of the charcoal sorbent samples. 

 
For the sodium hydroxide impinger samples, the following quality control sample results were 
generated: 
 

• Laboratory check sample result met the project objectives with recovery of 98%; 

• Matrix spike for the Guard Bed Inlet sample from Run 4 was not recovered at 0.002 
mg/L of mercury spiked; and 

• Field reagent blank and laboratory method blank samples did not indicate any 
measurable level of background or system contamination relative to the 
concentrations found in the gas samples. 

 
Poor mercury spike recovery points to a significant matrix effect in the caustic sample 

matrix. Results for mercury in the caustic scrubber samples of the potassium permanganate 
sampling train should not be considered representative and any results above detection limits 
should be viewed as very low estimates of the actual mercury concentration. 
 

For the potassium permanganate impinger and HCl rinse samples, the following quality 
control sample results were generated: 
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• Laboratory check sample result met the project objectives with recovery of mercury 
in the KMnO4 samples at 103%, and recovery in the HCl rinse samples at 103%; 

• Matrix spike and matrix spike duplicate recoveries for the Guard Bed Inlet sample 
from Run 4 were indeterminate for the KMnO4 fraction, and 111% and 107% (RPD 
0.56%) for the HCl fraction; inconclusive recovery of the KMnO4 matrix spike was 
the result of a high parent sample concentration (49.3 µg) relative to the spike amount 
(0.9 µg).  

• Field reagent blank and laboratory method blank samples did not indicate any 
measurable level of background or system contamination relative to the 
concentrations found in the gas samples. 

 
The low spiking level for the KMnO4 impinger samples makes any determination of 

possible matrix effects by the potassium permanganate sample impossible.  
 

For the iodine monochloride impinger samples, attempts to measure mercury in spiked 
reagent blank samples were unsuccessful. Addition of sufficient reductant (SnCl2) was 
ineffective when samples were diluted and introduced to the CVAAS analytical system. Various 
attempts with different matrix dilutions and reductant additions did not have any effect and no 
mercury was recovered from the samples. Further development of this method for mercury is 
beyond the scope of this project, so the iodine monochloride samples were not analyzed.  

 
For the gas condensate samples recovered from the raw syngas charcoal sampling trains, 

the following quality control sample results were generated: 
 

• Laboratory check sample result met the project objectives with recovery of mercury 
at 91%; 

• Matrix spike recovery for the Guard Bed Inlet condensate sample from Run 3 was 
84% for a 0.004 mg/L mercury spike, just below the 85% recovery objective; and 

• Laboratory method blank sample did not indicate any measurable level of background 
or system contamination relative to the concentrations found in the gas samples. 

 
The aqua regia digestate samples prepared from the charcoal sorbent samples generated 

the following quality control sample results: 
 

• Laboratory check sample and check sample duplicate results met the project 
objectives with recovery of mercury at 109.5% each (RPD 0.0%); 

• Matrix spike and matrix spike duplicate recoveries for 500 ng of mercury vapor 
spiked directly on blank charcoal tubes narrowly missed the 85% objective with 
recoveries of mercury at 84.0% and 76.0% (RPD 10%); and 
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• Charcoal blank and laboratory method blank samples did not indicate any significant 
level of background or system contamination relative to the concentrations found in 
the gas samples. 

 
5.3 Charcoal Adsorption Method Collection Efficiency 

For the charcoal sampling trains, the results of the breakthrough and collection efficiency 
tests are discussed in this section for three of the four target elements, arsenic, selenium, and 
mercury. Cadmium was not detected in the charcoal sampling train so no assessment of 
collection efficiency can be made for cadmium. Compared to previous tests conducted by URS 
using charcoal sorbents, these results demonstrate a significant improvement in collection 
efficiency. This is believed to be related to the slower sampling rates and lower gas velocities 
through the sorbent tubes.   
 
5.3.1 Arsenic 

Arsenic was detected in significant proportion in the second charcoal tube so the decision 
was made to analyze all three charcoal tubes of each sample for arsenic. Table 5-5 presents the 
distribution of arsenic collected in the charcoal tube sampling train. Nearly 70% of the arsenic 
was collected in the condensate and/or the first charcoal sorbent tube. The second tube was 
responsible for collecting another 20% (approximately), and the last charcoal tube collected the 
remaining 10%. While it would be ideal if there was less than 10% of the total arsenic measured 
in the third charcoal tube, for the relatively high sample concentrations, these results are 
satisfactory for the purpose of demonstrating good collection efficiency for arsenic. 
 
5.3.2 Selenium 

Selenium was found almost exclusively in the gas condensate fraction of the raw gas 
samples and/or in the first charcoal sorbent tube. Approximately 90% to 95% of the selenium 
measured in the raw syngas sampling trains was associated with the gas condensate. One 
hundred percent (100%) of the selenium detected in the clean syngas samples at the HTDS 
Outlet was associated with the first charcoal sorbent tube. There was very little evidence of any 
significant breakthrough of selenium to the second sample tube. The distribution results for 
selenium in the charcoal sampling trains is shown in Table 5-6.  

 
Assuming that the low analytical bias for selenium in these sample matrices is uniform, 

these results do serve to indicate good sample collection efficiency for selenium. Although good 
collection efficiency is demonstrated, the low selenium spike recovery results (17% for the gas 
condensate, and 77% for the charcoal sorbents) suggest that the results presented in this report 
could represent only a small fraction of the total selenium actually present in the syngas. 
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Table 5-5.  Charcoal Sampling Train Collection Efficiency for Arsenic 

Location 
Total Mass 
Collected 

(µg/sample) 

Gas 
Condensate 

Charcoal 
Tube 1 

Charcoal 
Tube 2 

Charcoal 
Tube 3 

Guard Bed Inlet % of total arsenic collected 
Run 1 111 8.1 55.4 25.2 11.3 
Run 2 171 44.4 22.2 19.1 14.4 
Run 3 120 24.7 39.8 24.2 11.3 
Run 4 180 48.4 27.8 17.5 6.3 
Run 5 137 37.8 34.0 21.7 6.5 

Average --- 32.7 35.8 21.5 10.0 
Guard Bed Outlet % of total arsenic collected 

Run 1 56.9 2.3 62.8 21.5 13.5 
Run 2 47.8 3.6 55.9 21.4 19.1 
Run 3 42.1 3.6 60.6 24.5 11.3 
Run 4 39.9 3.4 68.2 24.8 3.5 
Run 5 39.1 5.7 62.7 25.8 5.8 

Average --- 3.7 62.0 23.6 10.6 
HTDS Outlet % of total arsenic collected 

Run 1 5.23 NA 79.0 14.3 6.7 
Run 2 4.07 NA 78.1 10.1 11.8 
Run 3 5.62 NA 79.7 9.3 11.0 
Run 4 3.11 NA 60.5 26.0 13.5 
Run 5 3.20 NA 44.7 34.4 20.9 

Average --- NA 68.4 18.8 12.8 
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Table 5-6.  Charcoal Sampling Train Collection Efficiency for Selenium 

Location 
Total Mass 
Collected 

(µg/sample) 

Gas 
Condensate 

Charcoal 
Tube 1 

Charcoal 
Tube 2 

Charcoal 
Tube 3 

Guard Bed Inlet % of total selenium collected 
Run 1 3.5 90.5 9.5 0.0 NA 
Run 2 7.8 92.7 3.8 3.4 0.0 
Run 3 7.5 100.0 0.0 0.0 NA 
Run 4 10.0 96.3 3.7 0.0 0.0 
Run 5 8.5 95.4 4.6 0.0 NA 

Average --- 95.0 4.3 0.7 0.0 
Guard Bed Outlet % of total selenium collected 

Run 1 9.6 90.1 6.7 3.1 NA 
Run 2 8.4 88.8 11.2 0.0 0.0 
Run 3 6.7 89.2 5.3 5.5 NA 
Run 4 6.3 94.5 5.5 0.0 0.0 
Run 5 7.3 92.1 3.3 4.7 NA 

Average --- 90.9 6.4 2.7 0.0 
HTDS Outlet % of total selenium collected 

Run 1 0.24 NA 100.0 0.0 NA 
Run 2 0.32 NA 100.0 0.0 0.0 
Run 3 ND (<0.23) NA 0.0 0.0 NA 
Run 4 ND (<0.23) NA 0.0 0.0 0.0 
Run 5 ND (<0.23) NA 0.0 0.0 NA 

Average --- NA 100.0 0.0 0.0 
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5.3.3 Mercury 
Unlike selenium, mercury was found almost exclusively (>90%) in the first charcoal tube 

with typically less than 10% found in the raw gas condensate sample. In the absence of any gas 
condensate and H2S, the mercury recovered in the first charcoal tube of the clean syngas samples 
was approximately 80%. This suggests what other studies have indicated and that is that the 
presence of sulfur (usually as a sulfur-impregnated carbon) can improve mercury collection 
efficiency. Nevertheless, an average of approximately 95% of the mercury in the clean syngas 
was collected in the first two sorbent sampling tubes. The distribution of mercury collected in the 
charcoal sampling train is shown in Table 5-7. 
 
5.4 Iodine Monochloride Method Collection Efficiency  

The iodine monochloride impinger samples were tested for applicability towards the 
measurement of arsenic, cadmium, selenium, and mercury. Selected samples were recovered and 
analyzed separately to assess the collection efficiency of the impinger train. A complex sample 
preparation and analytical scheme was performed to assess:  

 
• Impinger train collection efficiency; 
• Isolation and analysis of separate phases for determining the phase association of the 

target elements; and 
• Applicability of sample concentration options. 

 
Table 5-8 presents the arsenic results for each individual impinger in the iodine 

monochloride trains for raw syngas and clean syngas. Approximately 95% of the total arsenic 
measured in the sampling train was recovered in the NaOH impingers for H2S removal and in the 
first two iodine impingers. This leaves approximately 5% of the arsenic being collected in the 
final iodine monochloride impinger. This demonstrates an acceptable level of performance for 
arsenic collection.  Data for the other target elements was insufficient to make an assessment of 
the collection efficiency for cadmium, selenium, or mercury. 
 

Replicate splits of various samples were digested with and without the crystalline iodine 
and other solids associated with the recovered samples to determine if any of the target metals 
were associated with one or the other or both sample phases. Table 5-9 presents the results of 
these measurements for arsenic and cadmium. In general, these results compare the equivalent 
concentrations determined from digesting 100 ml aliquots of the liquid phase sample and a total 
digestion of the remaining sample, with solids included. The data indicate good analytical 
precision between the results of liquid and combined phase samples. This suggests that there is 
no significant partitioning of target elements in the solid phase of the recovered sample and that 
the effects of sample concentration by evaporation and digestion of larger sample aliquots does 
not appear to adversely affect the arsenic and cadmium results. 
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Table 5-7.  Charcoal Sampling Train Collection Efficiency for Mercury 

Location and 
Run No. 

Total Mass 
Collected 

(ug/sample) 

Gas 
Condensate 

Charcoal 
Tube 1 

Charcoal 
Tube 2 

Charcoal 
Tube 3 

Guard Bed Inlet % of total mercury collected 
Run 1 2.9 4.3 95.5 0.3 NA 
Run 2 1.9 9.8 89.2 0.4 0.5 
Run 3 2.4 3.9 95.7 0.4 NA 
Run 4 2.7 6.3 93.3 0.0 0.5 
Run 5 2.7 4.5 95.2 0.3 NA 

Average --- 5.7 93.8 0.3 < 0.5 
Guard Bed Outlet % of total mercury collected 

Run 1 4.6 1.6 98.4 0.0 NA 
Run 2 1.2 7.2 90.7 1.2 0.9 
Run 3 1.0 4.5 94.3 1.3 NA 
Run 4 0.6 16.5 79.2 1.7 2.6 
Run 5 0.5 7.5 90.9 1.6 NA 

Average --- 7.4 90.7 1.1 < 1.7 
HTDS Outlet % of total mercury collected 

Run 1 2.3 NA 80.0 20.0 NA 
Run 2 9.1 NA 67.0 19.8 13.2 
Run 3 9.1 NA 78.0 22.0 NA 
Run 4 4.5 NA 98.5 1.2 0.3 
Run 5 4.3 NA 91.1 8.9 NA 

Average --- NA 82.9 14.4 < 6.8 

 
 

Table 5-8. Iodine Monochloride Sampling Train Collection Efficiency for Arsenic 

Location NaOH Scrubber ICl Impinger 1 ICl Impinger 2 ICl Impinger 3 

Guard Bed Inlet % of total arsenic collected 
Run 1 12.9 60.8 17.3 8.9 
Run 3 10.5 71.5 14.0 3.9 

Average 11.7 66.2 15.7 6.4 
HTDS Outlet % of total arsenic collected 

Run 2 NA 85.3 10.4 4.2 
Run 4 NA 82.8 10.7 6.5 

Average NA 84.1 10.6 5.4 
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Table 5-9.  Iodine Monochloride Sample Duplicate Analysis Precision 

Sample ID Digested Fraction Arsenic 
(µg/sample) 

Cadmium 
(µg/sample) 

Liquid phase only, 100 ml 2,218 0.302 
Liquid and solid phases combined 2,506 0.245 

Guard Bed Inlet 
Run 1 Impinger 1 

RPD 2.1% 21.0% 
Liquid phase only, 100 ml 289 0.105 
Liquid and solid phases combined 317 0.164 Guard Bed Inlet 

Run 3 Impinger 2 
RPD (%) 9.4% 12.6% 

Liquid phase only, 100 ml 89 0.298 
Liquid and solid phases combined 88 0.319 Guard Bed Inlet 

Run 3 Impinger 3 
RPD (%) 0.9% 6.6% 

Liquid phase only, 100 ml 1,131 < 0.26 
Liquid and solid phases combined 1,468 0.125 Guard Bed Outlet 

Run 1 Impinger 1 
RPD (%) 25.9% NC 

 
 
 



 

Appendix A 
 

Summary of Syngas Sampling Periods 
 



 

Summary of Syngas Sampling Periods 
Gas Volume Test 

Parameter 
Sampling 
Location 

Run 
No. Date Start Stop Duration 

(min) (dNcf) (Nm3) 

Sampling 
Rate 
(cfm) 

Guard Bed Inlet 10:49 11:10 21 5.179 0.147 0.28 
Guard Bed Outlet 10:48 11:10 22 4.984 0.141 0.26 
HTDS Outlet 

1 4/3/2007 
10:38 10:58 20 5.715 0.162 0.32 

Guard Bed Inlet 11:15 11:33 18 3.077 0.087 0.19 
Guard Bed Outlet 11:15 11:33 18 2.952 0.084 0.19 
HTDS Outlet 

2 
11:23 11:43 20 6.202 0.176 0.35 

Guard Bed Inlet 15:40 15:56 16 2.886 0.082 0.20 
Guard Bed Outlet 15:40 15:56 16 2.754 0.078 0.19 
HTDS Outlet 

3 

4/4/2007 

15:48 16:08 20 5.409 0.153 0.31 
Guard Bed Inlet 8:45 9:05 20 2.944 0.083 0.16 
Guard Bed Outlet 8:45 9:05 20 2.994 0.085 0.16 
HTDS Outlet 

4 
8:52 9:12 20 5.646 0.160 0.30 

Guard Bed Inlet 16:15 16:35 20 2.850 0.081 0.16 
Guard Bed Outlet 16:15 16:36 21 2.666 0.075 0.14 

Ammonia/Cyanide 

HTDS Outlet 
5 

4/5/2007 

16:23 16:43 20 5.749 0.163 0.32 
Guard Bed Inlet 11:37 12:37 60 28.274 0.801 0.54 
Guard Bed Outlet 11:37 12:37 60 18.078 0.512 0.34 
HTDS Outlet 

1 4/3/2007 
11:10 12:10 60 26.141 0.740 0.50 

Guard Bed Inlet 11:45 12:45 60 32.761 0.928 0.61 
Guard Bed Outlet 11:45 12:45 60 31.957 0.905 0.60 
HTDS Outlet 

2 
11:50 13:05 75 35.398 1.002 0.54 

Guard Bed Inlet 16:25 17:25 60 31.074 0.880 0.58 
Guard Bed Outlet 16:25 17:25 60 30.021 0.850 0.56 
HTDS Outlet 

3 

4/4/2007 

16:15 17:15 60 26.750 0.757 0.51 
Guard Bed Inlet 9:30 10:30 60 29.098 0.824 0.52 
Guard Bed Outlet 9:30 10:30 60 28.825 0.816 0.52 
HTDS Outlet 

4 
9:21 10:21 60 27.813 0.788 0.50 

Guard Bed Inlet 17:00 18:00 60 29.500 0.835 0.54 
Guard Bed Outlet 17:00 18:00 60 28.924 0.819 0.53 

Hydrogen Chloride 

HTDS Outlet 
5 

4/5/2007 

16:50 17:50 60 27.324 0.774 0.51 



 

Gas Volume Test 
Parameter 

Sampling 
Location 

Run 
No. Date Start Stop Duration 

(min) (dNcf) (Nm3) 

Sampling 
Rate 
(cfm) 

Guard Bed Inlet 10:30 12:30 120 57.331 1.623 0.55 
Guard Bed Outlet 10:30 12:30 120 54.380 1.540 0.51 
HTDS Outlet 

1 4/3/2007 
10:30 12:30 120 52.430 1.485 0.50 

Guard Bed Inlet 11:15 13:15 120 39.975 1.132 0.38 
Guard Bed Outlet 11:15 13:15 120 36.974 1.047 0.35 
HTDS Outlet 

2 
11:15 13:15 120 53.604 1.518 0.51 

Guard Bed Inlet 15:40 17:40 120 37.285 1.056 0.35 
Guard Bed Outlet 15:40 17:40 120 34.987 0.991 0.33 
HTDS Outlet 

3 

4/4/2007 

15:40 17:40 120 52.639 1.491 0.50 
Guard Bed Inlet 8:45 10:45 120 38.980 1.104 0.35 
Guard Bed Outlet 8:45 10:45 120 35.086 0.994 0.31 
HTDS Outlet 

4 
8:45 10:45 120 55.400 1.569 0.50 

Guard Bed Inlet 16:15 18:15 120 38.671 1.095 0.36 
Guard Bed Outlet 16:15 18:15 120 34.540 0.978 0.31 

Metals – 
Iodine Monochloride 

Impinger Train 

HTDS Outlet 
5 

4/5/2007 

16:15 18:15 120 54.388 1.540 0.50 
Guard Bed Inlet 10:30 12:30 120 45.408 0.045 0.43 
Guard Bed Outlet 10:30 12:30 120 61.065 0.061 0.58 
HTDS Outlet 

1 4/3/2007 
10:30 12:30 120 47.037 0.047 0.45 

Guard Bed Inlet 11:15 13:15 120 53.902 0.054 0.51 
Guard Bed Outlet 11:15 13:15 120 65.025 0.065 0.61 
HTDS Outlet 

2 
11:21 13:21 120 63.545 0.064 0.60 

Guard Bed Inlet 15:40 17:40 120 43.407 0.043 0.41 
Guard Bed Outlet 15:40 17:40 120 45.673 0.046 0.43 
HTDS Outlet 

3 

4/4/2007 

15:46 17:46 120 49.211 0.049 0.48 
Guard Bed Inlet 8:45 10:45 120 46.319 0.046 0.42 
Guard Bed Outlet 8:45 10:45 120 40.668 0.041 0.36 
HTDS Outlet 

4 
8:50 10:50 120 63.915 0.064 0.58 

Guard Bed Inlet 16:15 18:15 120 39.454 0.039 0.36 
Guard Bed Outlet 16:15 18:15 120 37.757 0.038 0.34 

Metals – 
Charcoal 

Sorbent Tube 

HTDS Outlet 
5 

4/5/2007 

16:20 18:20 120 55.012 0.055 0.51 

 



 

Gas Volume Test 
Parameter 

Sampling 
Location 

Run 
No. Date Start Stop Duration 

(min) (dNcf) (Nm3) 

Sampling 
Rate 
(cfm) 

Guard Bed Inlet 10:30 12:30 120 55.997 1.586 0.53 
Guard Bed Outlet 10:30 12:30 120 48.305 1.368 0.46 
HTDS Outlet 

1 4/3/2007 
10:35 12:35 120 50.313 1.425 0.48 

Guard Bed Inlet 11:15 12:48 93 31.506 0.892 0.38 
Guard Bed Outlet 11:15 12:48 93 32.443 0.919 0.39 
HTDS Outlet 

2 
11:18 13:18 120 53.752 1.522 0.51 

Guard Bed Inlet 15:40 17:32 112 35.243 0.998 0.35 
Guard Bed Outlet 15:40 17:32 112 36.528 1.034 0.37 
HTDS Outlet 

3 

4/4/2007 

15:43 17:43 120 52.592 1.489 0.50 
Guard Bed Inlet 8:45 10:15 90 26.935 0.763 0.32 
Guard Bed Outlet 8:45 10:15 90 27.193 0.770 0.32 
HTDS Outlet 

4 
8:47 10:47 120 56.532 1.601 0.51 

Guard Bed Inlet 16:15 17:45 90 27.142 0.769 0.33 
Guard Bed Outlet 16:15 17:45 90 27.038 0.766 0.33 

Mercury – 
Potassium Permanganate 

Sampling Train 

HTDS Outlet 
5 

4/5/2007 

16:17 18:17 120 54.884 1.554 0.51 
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 To: Jerry Schlather, Eastman Chemical MEMORANDUM
 From: Dave Maxwell, URS Corporation  

 Copy: Brian Turk, RTI  

 Date: 7 October 2005, Revised 21 November 2006  

 Subject: HTDS Sampling System (Rev. 11/21/2006) 
 

Mr. Schlather: 
 
Attached is an Operational and Design Summary of the syngas sampling system proposed for 
the HTDS mercury and trace metals sampling.  These systems are based on process 
information gathered from my site visit, the need to balance and control sample flow rates to 
each of the individual sampling trains, and the need to avoid condensation, especially at the 
inlet and outlet of the recently incorporated Guard Bed. 
 
Included is a list of system components that focuses on the use of tube fitting connections and 
system assembly based on those parts.  You or your system installer may find it better to make 
some connections directly using NPT fittings instead of tube fittings whenever possible (i.e., 
between the TEEs inserted in the process line to the DSRP, and the shut-off valves).  I’ll leave 
that to your discretion, but would like the opportunity to review any changes. 
 
When you have had a chance to review this and are ready to proceed with procurement and 
installation, I’d like to suggest that we have a brief call to go over the configuration and 
placement of the systems so that critical dimensions are maintained without compromising 
access or intrusion on other systems.  The most important issue is the distances between the 
shut-off valves and the metering valves for the inlet samples. 
 
Regards, 
 
 
 
Dave Maxwell 
 



Mr. Jerry Schlather 
Eastman Chemical 
7 October 2005 
Revised 21 November 2006 
Page 2 
 
 

 

Guard Bed and HTDS Syngas Sampling System Operational and Design Summary 
 
The objective of the sample delivery system is to provide representative samples of the raw syngas across 
the Guard Bed system and the clean product syngas leaving the HTDS unit. A sample manifold or header 
system is necessary to facilitate the simultaneous collection of multiple samples and provide individual 
flow control for sampling trains with different flow requirements. Different system designs are necessary 
for the Guard Bed Inlet and Outlet sample points (Raw Syngas) and the HTDS Outlet sample point (Clean 
Syngas) due to the differences in syngas temperatures, pressures, and dew points. Following are detailed 
descriptions of the two systems that include diagrams and suggested assembly configurations, component 
specifications, and operational considerations.  
 
Raw Syngas to and from the Guard Bed 
Raw syngas is supplied to the Guard Bed via an electrically heat-traced, stainless steel pipe from the 
outlet of a water knock-out pot (vessel C-15). The syngas is removed from the primary system at a 
temperature of approximately 350°F and at a pressure of approximately 950 psig. The moisture content is 
saturated at 15% to 16%. The syngas piping to and from the Guard Bed is heated to 400°F to maintain the 
gas above the dewpoint (350°F). 
 
At the inlet and outlet of the Guard Bed, TEEs in the syngas lines provide connection points for a 
differential pressure gauge. The differential pressure gauge can be isolated from service by 1” gate valves 
that are installed at each location. At the outlet side of each isolation gate valve is a flanged connection 
equipped with a 3/8” tube fitting. This tube fitting is the proposed access point for the sample manifold 
connection. 
 
Due the large mass associated with the valve and flange connections, these process piping components 
serve as a heat sink and a source of gas sample cooling below the dew point. Due to the low flow of 
sample gas that is being extracted from this leg of the process piping, condensate formation is inevitable 
without some additional heating or increased syngas flow through the proposed 3/8” sample tubing.  In 
addition, the volume of syngas in this part of the piping provides a lag time that may affect the 
representativeness of the sample.  
 
One solution to this problem involves the use of a bored-through tube fitting that allows the sample tubing 
to be used as a probe. During a unit outage prior to testing, the probe can be inserted into the syngas 
stream with the isolation gate valve tagged open, and then withdrawn during an outage so that the gate 
valve can be closed. During sampling, the syngas sample would be diverted to the flare header so that 
samples could be drawn from a stream that is flowing at a rate sufficient to overcome any heat losses.    
 
If the flowrate of the syngas is sufficient to overcome heat losses across the system, then heating and 
insulation requirements become lessened and the representativeness of the gas sample is greatly 
improved. The pipe nipples, the bored-through tube fitting, and the 3/8” tubing that comprises the main 
sample line may need to be insulated to reduce heat losses and to minimize the syngas bypass flow to the 
flare.  
 
At each end of the manifold system there should be a shut-off valve to safely isolate the sampling system 
from the process. These isolation valves are not intended to be used for pressure or flow control. Whitey 
Severe Service Union Bonnet Valves with Grafoil packing (SS-6NBS6-G) should be used for this 
application. These valves must be equipped with Grafoil packing (-G suffix) to extend the temperature 
rating up to 1,200°F since the standard Teflon packing is limited to 450°F.  
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Three sample points will need to TEE off of the main sample header. The syngas at this point is assumed 
to be at a pressure of approximately 400 psig and at a temperature between 400 and 600°F. It is suggested 
that a series of three (3) 3/8”x 1/4”x 3/8” stainless steel Swagelock TEEs be installed in this line, spaced 4 
to 6 inches apart. The TEEs should be oriented such that the 1/4” outlet of the TEE is pointing upwards to 
avoid the collection of any gas condensate or the accumulation of other material in the TEE while the 
system is secured or out of service. A diagram of the raw syngas sampling system is shown in Figure 1.  
 

 
 

Figure 1.  Raw Syngas Sampling System Diagram (Guard Bed Inlet/Outlet) 
 
 
The wettable valve components are primarily 316 stainless steel or chrome plated stainless steel. The 
wettable parts, if possible, should be rendered inert by the application of Restek Silcosteel™, a silicone-
based coating (http://www.restekcoatings.com/treat_main_rpc.asp). This will reduce the reactivity of the 
valve components to hydrogen sulfide, and therefore eliminate the need to “passivate” the sampling 
system and also eliminate or reduce any accumulation of metal sulfide solids that could foul the valve 
seats or other fine control components downstream in the sampling system.  
 
The distance from the TEE in the main 3/8” sample line to the flow control valves should be about 12 
inches based on the assumptions shown below. The outlet of the valves should be oriented in a downward 
vertical direction to avoid stress on the Teflon sample tubing that will be connected to the valve outlets.  
 
It is critical that the gas sample be maintained above its dew point prior to the flow control valves. At 400 
psig, the dew point of the syngas is 300°F (assuming syngas is saturated at 15% moisture at 950 psig and 
350°F). Given the following assumptions for temperature, flow, and materials, heat transfer calculations 
indicate that the temperature of the syngas flowing at 0.5 scfm will drop from 600°F to 300°F when 
passed through 2.8 feet of ¼” 316 SS tubing exposed to an ambient air temperature of 50°F.  

T T 

Metals/Hg 
Sampling Train 

(Charcoal Tubes) 
0.2 - 0.5 std LPM 

T 

Metals 
Sampling Train 

(Iodine-Cl) 
0.2 – 0.5 scfm 

Mercury 
Sampling Train 
(NaOH/KMnO4) 

0.2 – 0.5 scfm 

HCl and NH3/HCN 
Sampling Trains 

(CO3
=/HCO3

–  

and H2SO4/ZnOAc) 
0.2 – 0.5 scfm 

Raw Syngas to 
Flare Header 

3/8” OD  
SS tubing 

1/4” OD  
SS tubing 

Isolation Valve 
(SS-6NBS6-G) 

Flow Control Valves 
(SS-31RS4-G) 

RTI

URS 3/8” OD  
Teflon tubing 

PTFE Reducing Union,  
3/8” x 1/4” 

1/4” TEE

Isolation Valve 
(SS-6NBS6-G) 

Raw Syngas 
from Guard Bed 

URS to provide 
Thermocouples 

Drawing not to scale. Dashed line 
indicates RTI system boundary. 



Mr. Jerry Schlather 
Eastman Chemical 
7 October 2005 
Revised 21 November 2006 
Page 4 
 
 

 

• System Pressure = 400 psig 
• Initial Temp = 600°F 
• Final Temp = 300°F 
• Ambient Temp = 50°F 
• Tubing = 0.25” OD 316 Stainless tubing (0.19" ID) 
• Sample Gas Flowrate = 0.5 scfm (1.8 lb/hr syngas flow through the tubing) 
 

This does not take into consideration the potential for heat loss across the control valves, or the additional 
heat loss that will occur at lower sample flow rates. The valves may need to be wrapped with insulation, 
and possibly heated externally depending on the ambient air temperature at the time of sampling.  
 
Under the circumstances and assumptions described above, the length of 1/4” tubing between the TEE 
and the flow control valves should be less than 24 inches in order to avoid excessive heat loss and to 
minimize the need to insulate or apply heat to the system. I suggest that the flow control valves be 
physically located only slightly below the main 3/8” insulated process line. The system supporting that 
main syngas line can be used to support the metering valves and this would keep the length of 1/4” tubing 
between the shut-off valve and the metering valve to between 12 and 18 inches at the most. 
 
Immediately following the flow control valves, a 3/8” x 1/4” reducing union should be installed. This will 
provide the necessary expansion of the tubing diameter to accommodate the attachment of 3/8” Teflon 
sample tubing. 
 
At nominal system pressures ranging between 350 and 450 psig, and gas sample delivery temperatures 
ranging from 250 to 350°F, sample flow control in the 0.2 to 0.5 scfm range will require a metering valve 
that has a flow coefficient (Cv) range of 0.001 to 0.004. The Whitey 31 Series High-Pressure Metering 
valve is the only readily available choice for this application.  
 
Teflon stem seals should be suitable if gas sample temp is below 400°F. However, for an added measure 
of safety, Grafoil packing is available that would extend the service range to 850°F. URS will provide 
thermocouples and a temperature read-out to monitor the surface temperature of the metering valves to 
insure that the temperature is above the dew point and to prevent overheating of the valve seals. 
 
The raw gas sampling system described in this section is suitable for all impinger methods being 
conducted (metals by I-Cl, Hg by KMnO4, HCl, and NH3/HCN). For the charcoal tubes however, the 
relatively low sample flow will require that the charcoal sample be drawn from one of the impinger 
sample lines on the low pressure side after the flow control valve but UPSTREAM of any condensation. 
This is because there are no micro-metering valves available that can provide the 0.2 to 0.5 LPM flow 
with a 400 psig pressure drop across the valve. 
 
At the lower sample pressure downstream of the flow control valve, the Whitey 31 Series High-Pressure 
Metering valve is also the best choice for this application. A pump will be used to draw the slipstream 
through the charcoal tube system using the Whitey 31 Series Metering valve as a restrictive orifice for 
flow control while the bulk of the flow passes through the impinger sampling train. A big advantage to 
this design is that the charcoal and impinger method would be collected from the exact same system and a 
specialty valve and regulator would not be necessary to reduce the sample pressure. Unlike the other 
metering valves, this valve will not require Grafoil packing due to the lower temperature and pressure 
service. 
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Raw Syngas Sampling System Components 
Following is an itemized description of the raw syngas sampling system components shown in Figure 1. 
Table 1 lists the key fittings, valves, and associated components recommended for this system assembly. 
 
Main Sample Header Lne – Existing 3/8” OD stainless steel tubing, to be heat traced and/or insulated. 
 
Sample Ttaps – 3/8”x 1/4”x 3/8” TEE, 316 stainless steel, Swagelok. 
 
Isolation Valves – Whitey Severe Service Union Bonnet Metering Valves, SS-6NBS6-G, 316 stainless 
steel (or other material specified for sour gas applications), with wettable components treated with Restek 
Silcosteel™, and Grafoil packing for high temperature application. 
 
SS Sample Tubing – 316 Stainless steel tubing, 1/4” OD sample line connecting the flow control 
metering valves to the sample TEE. Overall distance between the TEE and flow control valves must be 
kept relatively short (between 1 and 2 feet in length) to control heat losses. Interior tubing surface to be 
treated with Restek Silcosteel™. 
 
Flow Control Valves – Whitey 31 Series High-Pressure Metering Valves, SS-31RS4-G (with Grafoil 
packing). Cv range = 0 to 0.040 at 10 turns open (Control range, Cv = 0.001 to 0.004, 1 to 1.5 turns 
open). Wettable components treated with Restek Silcosteel™.  NOTE: The Silcosteel coating will 
effectively reduce the valve’s maximum Cv. 
 
Reducing Union – 3/8” x 1/4”, PTFE for adapting control valves to 3/8” sample tubing. 
 
Union TEE – 1/4 in x 1/4 in x 1/4 in stainless steel Swagelock. The fine control valve will be attached to 
a 1/4 in x 1/4 in x 1/4 in stainless steel TEE inserted between the main control valve and the 1/4 in x 3/8 
in PTFE reducing union.  
 
Fine Control Valve for Charcoal Tube Samples – Only needed on one of the three sample taps for 
controlling sample flow through the charcoal tubes. The Whitey 31 Series High-Pressure Metering Valve, 
SS-31RS4 is recommended. Grafoil packing is not necessary as this will be a low pressure (15 psig)/low 
temperature (300°F) application. Cv range = 0 to 0.040 at 10 turns open (Control range, Cv = 0.001 to 
0.004, 1 to 1.5 turns open). Wettable components should be treated with Restek Silcosteel™.   
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Table 1.  Raw Syngas (Guard Bed Inlet/Outlet) Sampling System Parts List 

Qty Vendor P/N Description Comments 

3 Swagelok SS-6NBS6-G SS Severe-Service Union-Bonnet Needle Valve, 0.86 Cv, 
3/8 in. Swagelok Tube Fitting, Ball Stem, Grafoil Packing   

Dismantle and send to Restek for Silcosteel treatment of 
wettable components 

3 Swagelok SS-31RS4-G SS 31 Series High-Pressure Metering Valve, 0.040 Cv,  
1/4 in. Swagelok Tube Fitting, Grafoil Packing  

Dismantle and send to Restek for Silcosteel treatment of 
wettable components 

1 Swagelok SS-31RS4 SS 31 Series High-Pressure Metering Valve, 0.040 Cv,  
1/4 in. Swagelok Tube Fitting, TFE Packing 

Dismantle and send to Restek for Silcosteel treatment of 
wettable components 

3 Swagelok SS- Stainless Union Tee, 3/8 in.x 1/4 in x 3/8 in Send to Restek for Silcosteel treatment 
1 Swagelok SS-400-3 Stainless Union Tee, 1/4 in. OD Send to Restek for Silcosteel treatment 
4 Swagelok SS-600-6-4 Stainless Reducing Union, 3/8 in. OD - 1/4 in. OD Send to Restek for Silcosteel treatment 
4 Swagelok T-600-6-4 PTFE Reducing Union, 3/8 in. OD - 1/4 in. OD  

As 
needed   316 Stainless steel tubing, 3/8 in. OD Send all pieces to Restek for Silcosteel treatment 

3x2 ft 
= 6 ft   316 Stainless steel tubing, 1/4 in. OD Send all pieces to Restek for Silcosteel treatment 
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Clean Product Syngas from the HTDS 
The clean product syngas leaving the HTDS is filtered and air-cooled before being sent to the power 
block at Tennessee Eastman. There is an existing 3/8” stainless steel sample line downstream of the air 
cooler that delivers syngas sample to a continuous gas analyzer system located on Level 8 of the HTDS 
structure. The syngas sample at this location is at a temperature of approximately 100°F and at a pressure 
of approximately 5 psig. 
  
A 3/8”x 3/8”x 3/8” stainless steel Swagelock TEE should be inserted at the end of this line at the sample 
root connection to the process line. The TEE should be oriented such that the outlet of the TEE is pointing 
towards the structure/platform where a sample valve manifold can be installed and supported with access 
from Level 7. 
 
An isolation/shut-off valve should be connected directly to the TEE so that the sample system can be 
safely isolated from the process without interruption of flow to the system’s gas analyzers as shown in 
Figure 2. 
 

 
Figure 2.  RTI – HTDS Outlet Clean Syngas Sampling System Diagram 
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Following the isolation valve, a single sample line of 3/8-in. OD tubing should be directed towards the 
structure and then down towards the platform level below the main process line. A distribution header 
consisting of four sample flow control valves will be used to provide four independent sample points for 
the impinger and charcoal tube sampling systems. Three (3) Swagelok Integral Bonnet Needle valves 
(SS-1RS4) will be used to control sample flow in the 0.2 to 0.7 scfm range for the impinger-based 
sampling trains and 1 Whitey 31 Series High-Pressure Metering Valve (SS-31RS4) will be used to meter 
sample flow to the charcoal tubes at 0.2 to 0.5 standard LPM. Distances between the valves and the 
overall size of the distribution system should be kept to a minimum with sufficient spacing between 
valves to allow for manipulation of the valve’s control knobs.  
 
This distribution header and control valves should be supported so the flow control valves are located 
about 6 to 7 feet above the platform grating on Level 7, the level below the main syngas process line. This 
will enable all of the sampling activities to be conducted on the platform below the syngas analyzer 
sample conditioning system, thus allowing more free space for the sampling trains and less intrusion and 
trip hazards for operations personnel needing to access the analyzer sample conditioning system panel. 
 
The control valves with the necessary flow coefficients are only available in 1/4” tube fitting connections, 
so 3/8”x 1/4” reducing unions and/or 3/8”x 3/8”x 1/4” reducing TEEs will need to be installed to 
accommodate the valves. 
 
Balancing of sample flows between four sampling systems off of a common distribution header with such 
a low system pressure (5 psig) is impracticable since changes in gas flow in one sampling system will 
reduce the flow in the other systems. Therefore, URS will use electric-motor driven sampling pumps with 
each sampling train to provide a larger pressure drop across the control valves which will act as restrictive 
orifices to regulate flows more accurately and consistently between the parallel sampling units.  
 
Clean Syngas Sampling System Components 
Following is an itemized description of the low-pressure, clean syngas sampling system components 
shown in Figure 2. Table 2 lists the key fittings, valves, and associated components recommended for this 
system assembly. 
 
Main Sample Line – Existing 3/8” OD stainless steel sample line to analyzer conditioning system, heat 
traced and insulated. 
 
Sample Tap – 3/8”x 3/8”x 3/8” TEE, 316 stainless steel, Swagelok. 
 
Isolation Valve – Swagelok 83 Series Trunnion Ball Valve, SS-83TS6, stainless steel, with PTFE valve 
seats, 3/8” Swagelok Tube Fittings. 
 
Reducing Unions – 3/8” x 1/4”, 316 stainless steel. 
 
Reducing Union TEEs – 3/8” x 3/8” x 1/4”, 316 stainless steel. 
 
Flow Control Valves – Swagelok Integral Bonnet Needle Valves, SS-1RS4, stainless steel, 1/4” 
Swagelok Tube Fittings, Regulating Stem.  Cv range = 0 to 0.37 at 0-9 turns open. Control range, Cv = 
0.02 to 0.09 at 1 to 5 turns open. 
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Low-Flow Control Valve – Whitey 31 Series High-Pressure Metering Valve, SS-31RS4, stainless steel, 
1/4” Swagelock Tube Fittings, Cv range = 0 to 0.040 at 10 turns open (Control range, Cv = 0.001 to 
0.004, 1 to 1.5 turns open). 
    
Reducing Unions – 3/8” x 1/4”, PTFE for adapting control valves to 3/8” sample tubing. 
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Table 2.  HTDS/DSRP Outlet Sampling System Parts List 

Qty Vendor P/N Description Comments 

1 Swagelok SS-83TS6 SS 3-Piece Ball Valve, PTFE seats, 3/8 in. Swagelok Tube 
Fitting   

For isolation of sample system from analyzer sample line. 

3 Swagelok SS-1RS4 SS Integral Bonnet Needle Valve, 0.37 Cv,  
1/4 in. Swagelok Tube Fitting, Regulating Stem 

For impinger sample flow control at 0.2 to 0.7 scfm 

1 Swagelok SS-21RS4 SS 21 Series Micro-Metering Valve, 0.007 Cv,  
1/4 in. Swagelok Tube Fitting, TFE Packing 

For charcoal tube sample flow control at 0.2 to 0.5 std 
LPM 

2 Swagelok SS-600-3 Stainless Union Tee, 3/8 in. OD  

2 Swagelok SS-600-3-6-4 SS Reducing Union Tee, 3/8 in x 3/8 in x 1/4 in For connecting 2 control valves w/o separate reducing 
unions 

2 Swagelok SS-600-6-4 Stainless Reducing Union, 3/8 in. OD - 1/4 in. OD  
4 Swagelok T-600-6-4 PTFE Reducing Union, 3/8 in. OD - 1/4 in. OD For connecting 3/8” URS Teflon sample lines. 

As 
needed   316 Stainless steel tubing, 3/8 in. OD Sample line and distribution header 

As 
needed   316 Stainless steel tubing, 1/4 in. OD Control valve connections 
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TECHNICAL COMMENTS  
URS Responses (April 25, 2008) 
 
Section Comment 
 
General The subcontract number should be included either on the Title Page or referenced 

somewhere in the document. 
 
 Response: The Subcontract number is 3-340-0209252. This will be added to the 

Title Page.  
    
General Eastman Chemicals has requested that all vapor phase units of measure be 

expressed in parts per million. 
 
 Response: All tables and references to gas concentrations in the text will be 

converted from µg/Nm3 to a ppbv basis, except ammonia which will be expressed 
in ppmv.    

 
Table 1-1 Relative standard deviation of the average concentration shown in Table 1-1 

should be included so that the reader has some sense of the range of 
concentrations measured. 

 
Response: The RSD of each average concentration shown in Table 1-1 will be 
included in an inserted column to the right of the reported average for each 
process sampling location. 

 
2.1 The second supporting statement under the first bulleted observation in Section 

2.1 indicates that the arsenic spike recovery for the ICl method was acceptable but 
the discussion in Section 5.2.4 indicates that the matrix spike sample results were 
inconclusive. 

 
Response: Only the arsenic “matrix spike” recovery was indeterminate and this 
was the result of a low spiking level relative to the native concentration. However, 
the laboratory check sample demonstrated excellent (94.7% and 96%) recovery 
indicating that arsenic can be accurately measured, at least in a “clean” ICl 
sample matrix.    

 
2.1 The third sentence in the fourth bulleted observation in Section 2.1 needs to be 

clarified. 
 

Response: The third and fourth sentences were previous remnants and should not 
have been included. They have been removed. 

 
2.3 The data appear to support the general statements contained in the third bulleted 

item in Section 2.3 but it should be noted that all of the selenium results were 
close to the detection limit and problems with low selenium recoveries (Section 
5.2.4) were obtained for the caustic impinger in front of the ICl train, for the ICL 
train itself, for the gas condensate in front of the charcoal cartridge, and slightly 
below the acceptable range for the charcoal sample.  
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Response: The removal efficiency percentages for Se were determined exclusively 
from the charcoal sorbent method results so the spike recovery issues related to 
the ICl sampling method are not a factor. Since most of the selenium associated 
with the charcoal sampling was measured in the gas condensate fraction, the QC 
results for the gas condensate and charcoal samples are considered. The matrix 
spike recovery for Se in the gas condensate sample collected at the inlet of the 
guard bed was indeterminate. A low spike level relative to the native sample 
concentration was a significant factor, but possibly not the only factor. The 
charcoal matrix spike recovery for Se was 73% and 76%. Although this did not 
meet our objective of 85% recovery, a Se recovery of greater than 70% is 
considered acceptable by some analytical methods. 

 
2.4 The second bulleted observation in Section 2.4 indicates that the predominant 

distribution of selenium for the charcoal sorbent sample train was measured in the 
first sorbent tube; however, the data presented in Table 5-6 indicates that over 90 
percent of the selenium was recovered from the gas condensate trap for the guard 
bed inlet and outlet sample location. 

 
Response: This observation is correct and it does not change the conclusion 
about the charcoal method performance. To be completely accurate, the sentence 
will be changed to reflect the finding of most (>96%) of the Se in the charcoal 
sampling train either in the condensate knock-out sample or in the first charcoal 
sorbent tube.  

 
2.4 The third bulleted observation in Section 2.4 indicates that the arsenic quality 

control results for the ICl analytical accuracy were generally favorable but it 
should be noted that the arsenic matrix spike for this sample train was 
inconclusive (Section 5.2.4) 

 
Response: The arsenic matrix spikes for the ICl train were indeterminate based 
on a low spike level relative to the native concentration, so nothing can be said 
either positively or negatively about the analytical accuracy of the arsenic 
measurements made by the ICl impinger solution method based on this single QC 
sample alone. However, all other method performance indicators, direct and 
indirect, proved satisfactory. This includes all of the laboratory check standards 
for all sample matrices associated with the charcoal and ICl sampling trains, plus 
the matrix spike recovery for the NaOH solution, the gas condensate, and the 
charcoal sorbent. Indirectly, the comparative results between the two methods, 
the consistency between sampling runs, and the apparent representativeness of 
the concentration results all support the claim that the results were “generally 
favorable”. Pointing out the only inconclusive data set did not seem necessary to 
qualify this bullet item. 
 

2.4 The fourth bulleted observation in Section 2.4 indicates that the zinc acetate 
impinger train demonstrated favorable collection efficiency based on the 
distribution of CN- across the individual impinger solutions but it should be noted 
that the matrix spike results were higher than expected. 

 
Response: The matrix spike recovery results for CN were related to the Guard 
Bed Inlet sample, and there were other circumstances (foaming carryover) that 
rendered the CN distribution between individual impingers in the Guard Bed Inlet 
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sample suspect for assessing collection efficiency. Therefore, the individual 
impinger results for the Guard Bed Outlet sample were used to make a general 
assessment of the collection efficiency. There were no matrix spikes performed on 
an Outlet sample. The matrix spike recovery results for the Guard Bed Inlet 
sample were not considered a significant factor in qualifying the collection 
efficiency results since the matrix may not be directly comparable. Also, if the 
analytical bias indicated by the Inlet sample matrix was consistent, then the 
concentrations of all impingers is likely to be biased, but the relative distribution 
across the impingers would not be significantly affected. (Reference Section 5.2.2)  

 
Table 3-2 As a general observation, the contaminant concentrations measured at the guard 

bed inlet during this sampling effort agree reasonably well with values obtained 
from literature references. The measured concentrations also agree reasonably 
well with concentrations expected in syngas calculated based on the concentration 
of the contaminant in typical coal samples and complete vaporization and 
transport from the gasifier to the sample location. One exception to this general 
observation is the measured concentration of hydrogen chloride was lower than 
expected. (Note that neither of these comparisons account for specific coal and 
gasifier types or downstream processes such as water quenches and scrubbers.) 
Can any further assessment of accuracy such as laboratory evaluations or previous 
sampling efforts be made for the hydrogen chloride sampling method? 

 
Response: Regarding the chloride sampling method, URS has previously 
compared impinger methods using both sulfuric acid (e.g. EPA method 26) and 
carbonate/bicarbonate solutions for halides in syngas. While Method 26 works 
well for its intended purpose as an air or emissions sampling procedure, it does 
not provide a suitable sampling or analytical matrix when collecting chloride in 
syngas. The primary concern is the presence of ammonia. At the concentrations 
typically found in syngas, it can neutralize the acid and if sampled for long 
enough periods of time, it can create a saturated solution of ammonium 
bicarbonate as the ammonia makes the solution basic and reactive to the high 
levels of CO2 in the syngas. Even though chloride would be collected in this 
matrix, the solution is generally too concentrated with dissolved salts. This 
introduces numerous interferences when analyzing samples by ion 
chromatography. Excessive dilutions then render the detection limits useless for 
low levels of chloride. Increasing the sulfuric acid strength to neutralize all of the 
ammonia just adds an excess of sulfate and the same problems related to high 
dissolved solids is the result. 
 
Using an alkaline sampling matrix comparable to the eluent solution used in ion 
chromatography reduces the potential for collecting these interfering substances. 
However, it takes advantage of HCl’s strong affinity for aqueous solutions and 
the acid-base reaction that ionizes and dissociates the chloride to preserve it in 
solution. 
 
Chloride testing performed at Eastman Chemical in February 1999 was done 
with the carbonate/bicarbonate solution and comparable results were obtained 
for gases downstream of a wet scrubber. Due to the high affinity and ionic 
dissociation constants for HCl in alkaline media, the analysis of individual 
impingers to demonstrate collection efficiency did not seem prudent or necessary.      
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3.3 The second paragraph in Section 3.3 indicates that methods used to measure 
ammonia, hydrogen cyanide, and hydrogen chloride performed well based on 
several different observations. The matrix spike results for ammonia and 
hydrogen cyanide should be considered before indicating that “all” of the quality 
control sample results were acceptable. 

 
Response: Noted. However, “indeterminate” matrix spike recovery results that 
can be explained by spike levels not being appropriate when compared to the 
native concentrations are essentially the same as “no results” since no claims can 
be made to the positive or to the negative. In the absence of such data, we looked 
to the laboratory check samples and other direct and indirect quality indicators 
for some basis of assessment.  
 
Introducing individual data “exceptions” throughout the report was avoided to 
prevent confusion and from detracting from results that by most indications, were 
supported by the individual sample results. Granted, questionable recovery of a 
single sample’s matrix spike may cast doubt about the data quality and suggest 
that there is reason for further evaluation, but by the same rationale, a good 
matrix spike result is not necessarily indicative that all samples are equally 
accurate.  As a result, the statement that the methods performed well was 
prefaced by saying, “In general…”. 

 
3.7.1 The consistency in the arsenic charcoal results and arsenic ICl impinger samples 

highlighted in the third paragraph of Section 3.7.1 is supported by the analysis 
results; however, both methods could produce similar results that either 
overestimate or underestimate the true arsenic concentrations. RTI has shown 
under laboratory conditions that as little as 2 percent of water vapor reduces the 
collection efficiency of arsine on coconut shell charcoal in a simulated clean 
syngas (no hydrogen sulfide) matrix, which would be similar to that sampled at 
the HTDS outlet. However, we do not know whether the presence of hydrogen 
sulfide would counteract the negative effects of water vapor by increasing the 
arsine collection efficiency. It is correctly pointed out in Section 5.3.3 that other 
researchers have sulfided charcoal (some using hydrogen sulfide) to increase the 
collection efficiency of mercury but whether this would be true for arsine is not 
known. 

 
Response: It is our contention that it is unlikely that the results from the charcoal 
sorbent and iodine monochloride methods would both be equally susceptible to 
the same interferences or conditions that could result in a comparable 
overestimation or underestimation of the true arsenic concentration. Their 
collection mechanisms are vastly different (adsorption versus 
dissolution/oxidation).  
 
We agree that the presence of moisture can affect the adsorption mechanism of 
charcoal and this could be one of the causes for the distribution of arsenic on the 
charcoal sorbent tubes. However, moisture should not be a significant factor in 
the ICl train. Conversely, sulfide(H2S) does create a more complex ICl sample 
matrix and may affect the collection efficiency of the ICl train, but this was not 
directly evident from the individual ICl impinger results (Reference Table5-8). 
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The effects of moisture and H2S (and other syngas contaminants?) on the 
absorption of arsine by charcoal deserve further study. 
 
As a postscript, the laboratory studies referenced in Section 1.2, and conducted 
for RTI after the conclusion of this field test showed arsine collection by charcoal 
and iodine monochloride solutions in a clean, dry syngas matrix also produced 
comparable results.                  

 
Table 3-8 Based on the data quality objectives provided in Table 5-2, the arsenic ICl data in 

Table 3-8 should be flagged to indicate that the matrix spike data were 
inconclusive. 

 
Response: The ICl results in Table 3-8 have been flagged with a footnote 
describing the inconclusive nature of the MS/MSD results.  

 
Table 3-10 Based on the data quality objectives provided in Table 5-2, the mercury KMnO4 

data in Table 3-10 should be flagged to indicate that the matrix spike data were 
inconclusive. 

 
Response: The KMnO4 results in Table 3-10 have been flagged with a footnote 
describing the inconclusive nature of the MS/MSD results.  

 
Table 3-11 Based on the data quality objectives provided in Table 5-2, the selenium data in 

Table 3-11 should be flagged to indicate multiple problems were encountered 
with the matrix spike samples. 

 
Response: The ICl results in Table 3-11 have been flagged with a footnote 
qualifying the results with poor MS/MSD recovery.  

 
4.1.1 A description of the sampling train configuration for reducing the guard bed inlet 

and outlet gas pressure from 950 psig to near ambient for sample collection 
should be included in Section 4.1.1. A diagram of the bypass loop and sampling 
trains would be helpful. 

 
Response: A sampling system design and description was produced at the onset 
of the test program and will be referenced in the text of Section 4.1.1 and included 
in Appendix B to this report. Due to the multiple variations of each sampling train 
used, sampling train descriptions were provided in Table format versus diagrams 
in order to eliminate the need separate figures for each train at each location. 

 
4.1.1 Why is the estimated dew point of the gas given at 400 psig in the second 

paragraph (and at other places in the report)? Is this the pressure inside the bypass 
manifold? If so, how is the pressure of the gas reduced before it enters the 
individual sampling trains? 

 
Response: The pressure at the Guard Bed Inlet and Outlet sample points was 
estimated (conservatively) at 400 psig based on input from Eastman Chemical 
concerning normal operating pressures at these locations. The sampling system 
was designed with control valves possessing the necessary range of flow 
coefficients suitable for providing the necessary flow control and pressure 
reduction to the near ambient pressure conditions in the impinger trains.   



 

6 

4.2.1 Were any of the sulfuric acid impingers recovered separately to determine the 
distribution of ammonia across the sampling train and to determine whether 
breakthrough occurred? 

 
Response: No. Due to the extremely high affinity of ammonia for sulfuric acid 
solutions, this is not necessary. However, the pH of the first impinger solution was 
checked after the initial sampling runs to verify that there was sufficient acid 
strength in the solution to maintain a pH less than 2 in the first impinger 
throughout the entire sampling period.    

 
4.2.1 Were the sampling lines rinsed to recover any possible ammonia in the condensed 

phase? 
 

Response: No. Condensation in the sample lines was minimal and was only 
experienced at the Guard Bed Inlet and Outlet sample points. The Teflon transfer 
lines were oriented vertically to allow any droplets that collected to fall directly 
into the first impinger. Any accumulation of gas condensate in the transfer lines 
was not observed.      

 
4.2.2 Were the sampling lines rinsed to recover any possible CN- in the condensed 

phase? 
 

Response: No. Condensation in the sample lines was minimal and was only 
experienced at the Guard Bed Inlet and Outlet sample points. The Teflon transfer 
lines were oriented vertically to allow any droplets that collected to fall directly 
into the first impinger. Any accumulation of gas condensate in the transfer lines 
was not observed. 

 
4.3 It was noted in a previous comment that the concentrations in raw syngas shown 

in Table 3-2, in general, were reasonable for all of the contaminants except 
hydrogen chloride. Was the hydrogen chloride sampling method based on any 
established or validated method? EPA Method 26 designates sulfuric acid 
impinger solutions instead of the sodium carbonate and sodium bicarbonate 
solutions used for this study. Were any of the impinger solutions recovered 
separately to determine the distribution of chloride ion across the sampling train 
and to estimate breakthrough? Were the sampling lines rinsed to recover any 
possible chloride ion in the condensed phase? 

 
Response: See response to comment related to Table 3-2. Sample lines were not 
rinsed for the reason explained above for ammonia and cyanide. 

 
4.4.1 What was the approximate gas temperature at the inlet of the charcoal adsorption 

sampling tubes? 
 

Response: The gas sample temperature was not measured at the inlet to the 
charcoal sorbent sampling tubes, but is estimated to be between 60° F and 100°. 
Raw gas samples were “cooled” by passing the sample gas through an iced 
knock-out impinger prior to entering the charcoal tubes. The “clean” HTDS 
outlet sample was passed directly to the charcoal tubes from the sampling 
manifold, so the sample gas temperature was between the ambient temperature 
and the process gas temperature.     
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4.4.3 Were any of the KMnO4 impinger solutions recovered separately to determine the 
distribution of mercury across the sampling train and to estimate breakthrough? 

 
Response: No. However, given that the KMnO4 solution’s capacity to oxidize 
mercury may have been compromised in some samples by high H2S levels 
breaking through the protective NaOH impinger solutions, testing for 
breakthrough should be a consideration with future applications of this method.     

 
5.0 A discussion on how matrix spike samples were prepared (spiking solutions and 

volumes) and how they were treated in the field should be included in this section. 
Discussions on the results for impinger-based matrix spike samples indicate that 
the solutions were spiked and then used in the sampling train. Was this true for 
the sorbent-based matrix spike samples also? If the sorbent-based matrix spikes 
were loaded with liquid standards then the discussions should include 
explanations on the differences in the species spiked (oxidized form) and the 
expected species collected (reduced form) in the syngas matrix.  

 
Response: Most of the matrix-spiked samples were prepared by the analytical 
laboratory on recovered field samples that were selected and specified for spiking 
by the URS Project Chemist. Samples for ammonia and cyanide were spiked by 
the analytical laboratory on separate sample aliquots prior to distillation in 
preparation for analysis. In the absence of a preparation step, samples for 
chloride determinations were spiked prior to IC analysis. 
 
Impinger sample aliquots for the analysis of metals and mercury were spiked 
before digestion. This includes the NaOH scrubbing solutions, the KMnO4 and 
HCl solutions for mercury, the gas condensate samples from the charcoal sorbent 
sampling train, and the iodine monochloride impinger samples.  
 
Because the charcoal sample is digested in its entirety to represent the field 
sample and cannot be split into equal representative fractions for spiking, blank 
charcoal sorbent samples from the same lot were used as the parent samples. 
Multiple blank samples were run to identify the background concentrations in the 
charcoal. The charcoal was added to the digestion vial with nitric and 
hydrochloric acids, and then a cocktail prepared from liquid AAS/ICPES 
standards was added as a spiking solution. Samples were digested in the same 
batch as other field samples. 
 
Laboratory check standards (LCS’s) were prepared by the analytical laboratory 
in accordance with their standard operating procedures. In most cases, the LCS’s 
were not matrix matched. The only exception to this was that the ICl impinger 
samples and the charcoal sorbent tube samples were digested and prepared by 
URS. A set of laboratory check standards for both of these sample types was 
prepared using the actual sample/digestion matrix.  
 
For the ICl samples, blank reagents were used, in approximately the same 
proportion as in the recovered samples, for spiking and digestion. For the 
charcoal sample LCS’s, the nitric and hydrochloric digestion acids were spiked 
and digested in the absence of charcoal. 
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The pre-digestion spiking of metals using liquid AAS standards that are preserved 
as oxidized metal species should not affect the recovery or representativeness of 
the matrix spike since the metals in the syngas should already be oxidized upon 
collection in the impinger solution or upon addition of the digestion acids in the 
case of the charcoal sorbent samples.      

 
5.0 A general statement should be included in Section 5.0 that indicates whether 

holding times between sample collection and analysis were met. This could be as 
simple as a general statement indicating that this parameter can not be assessed 
because sample stability is not known. 

 
Response: All samples for metals, mercury, chloride, and ammonia were 
analyzed within the hold times typically prescribed for water samples by the EPA. 
Some samples for chloride were re-analyzed up to 45 days after sample collection 
with lower dilution factors in order to assess chromatographic interferences and 
improve analytical sensitivity. Cyanide samples (in zinc acetate solution) were 
distilled at 27 to 29 days from sample collection and analyzed within two days 
after distillation. The stability of the zinc acetate solution is not known, but the 
cyanide-metal complex should be less susceptible to degradation versus a 
“water” sample at a high pH to effect preservation as dissolved cyanide ion. 

 
5.0 Although not included in the data quality objectives and not explicitly calculated, 

it appears as though sample completeness was acceptable. 
 

Response: Yes. The only data not obtained that was considered in the planning 
stages was related to the analysis of the ICl sampling train samples for mercury. 
All attempts at preparing and analyzing spiked samples in the ICl matrix were 
unsuccessful. Also, the first potassium permanganate impinger sample collected 
for mercury at the guard bed inlet and outlet was lost due to exhaustion of the 
permanganate solution and the HTDS outlet sample was lost due to a backflush of 
the impinger system when the sample flow was secured.  

 
Table 5-1 Units for the values shown in Table 5-1 should be included somewhere in this 

table. 
 

Response: The moisture results are expressed in percent by volume. The table 
has been corrected to reflect that. 

 
Table 5-1 The syngas sample moisture data for the charcoal sorbent sampling train should 

be included in Table 5-1 
 

Response: Syngas moisture data were not collected with the charcoal sorbent 
method.  

 
Table 5-2 Why was there such a large discrepancy between the syngas sample moisture data 

for the two guard bed locations and the HTDS outlet? 
 

Response: Primarily because the HTDS Outlet sample location was after the 
system pressure was reduced and moisture had been removed.   
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Table 5-2 If the sample volume was reduced for the mercury KMnO4 impinger train after 
Run 1 then why did the volume of syngas sample moisture not decrease by a 
proportional amount for the subsequent samples. 

 
Response: The moisture results in Table 5-1 are given as percentages, not 
volumes.   

 
Table 5-3 The footnote to Table 5-3 needs further explanation. There was no mention of 

using a sample bomb in Section 4.4.1 
 

Response: The reference to the combustion bomb has been replaced with the 
correct reference to the sample digestion vial before digestion. 

 
Table 5-5 Is there any plausible reason why there was more arsenic measured in the 

condensate guard bed inlet compared to the condensate in the guard bed outlet? 
 

Response: One factor may be the relative amount of gas condensate collected. 
However, this is speculative since the relative amounts of gas condensate 
collected in the charcoal sorbent sampling trains at the Guard Bed Inlet and 
Outlet sampling locations were not directly measured, and the sampler does not 
have any recollection of whether there was any significant difference between the 
two systems. Only the total volume of the condensate plus the rinses from the 
knock-out impinger was measured. The amount of condensate collected could 
have been affected by sample flow and temperature; higher flow through the 
manifold and warmer sample temperatures may have resulted in less water vapor 
being removed in the chilled impinger. But since the charcoal samples were not 
“wet”, condensable moisture did not appear to pass the knock-out impinger.     
      

Table 5-6 The percent of total selenium collected at the HTDS outlet needs to be 
recalculated for Runs 3, 4, and 5. 

 
Response: The total collected mass of selenium shown in Table 5-6 for the HTDS 
Outlet has been corrected to reflect that selenium was not detected in any of the 
charcoal tube sampling train fractions for Runs 3, 4, or 5. 

 
Table 5-8 Units for the values shown in Table 5-8 should be included somewhere in this 

table. 
 

Response: Units are included as “% of total arsenic collected” in the common 
header row above each data set. 
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EDITORIAL COMMENTS 
 
Section Comment 
 
General The report was well written with only a few minor editorial revisions needed. 
 
  Response: None 
 
General It appears as though the tables in Section 1.0 were collected and placed at the end 

of the section and the tables were embedded within the text for the remaining 
sections. 

 
Response: Tables have been moved, as necessary, to be embedded within the 
sections. 
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