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SUBTASK 3.3 – FEASIBILITY OF DIRECT COAL LIQUEFACTION IN THE 
MODERN ECONOMIC CLIMATE 

 
 
ABSTRACT 
 
 Coal liquefaction provides an alternative to petroleum for the production of liquid 
hydrocarbon-based fuels. There are two main processes to liquefy coal: direct coal liquefaction 
(DCL) and indirect coal liquefaction (ICL). Because ICL has been demonstrated to a greater 
extent than DCL, ICL may be viewed as the lower-risk option when it comes to building a coal 
liquefaction facility. However, a closer look, based on conversion efficiencies and economics, is 
necessary to determine the optimal technology. This report summarizes historical DCL efforts in 
the United States, describes the technical challenges facing DCL, overviews Shenhua’s current 
DCL project in China, provides a DCL conceptual cost estimate based on a literature review, and 
compares the carbon dioxide emissions from a DCL facility to those from an ICL facility. 
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SUBTASK 3.3 – FEASIBILITY OF DIRECT COAL LIQUEFACTION IN THE 
MODERN ECONOMIC CLIMATE 

 
 
EXECUTIVE SUMMARY 
 
 The United States has been conducting direct coal liquefaction (DCL) research for 
decades. This research was spurred by the petroleum price disruptions of the early 1970s. Large-
scale DCL demonstrations and bench-scale research efforts resulted in an increased knowledge 
of DCL process operations and led to a better understanding of DCL process chemistry. The 
largest challenge that currently faces the construction of a DCL facility is capital cost. This 
literature study found that the major areas where DCL research is still needed are reducing 
capital costs with improved catalysts, optimizing processes and catalysts for lignite, effectively 
separating ash from other heavy products, and optimizing refinery processes for coal-derived 
liquids.  
 
 Shenhua of China is currently bringing a commercial DCL facility online. That facility has 
estimated a break-even cost of $35–$40 per barrel of oil. Conceptual cost data obtained from the 
literature showed that DCL products from various technologies ranged from $25.54 per barrel of 
crude oil equivalent up to $140 per barrel of crude oil equivalent. For comparison, the average 
cost of petroleum crude oil in 2008 was $93.05, and the average selling price of West Texas 
Intermediate (WTI) crude oil in 2009 is projected as $42. These cost data support the hypothesis 
that a DCL facility could be competitive with petroleum and profitable.  
 
 The increased concern over the role of carbon dioxide (CO2) emissions in global climate 
change has made CO2 an important consideration when planning the construction of a coal 
liquefaction facility. Therefore, this study compared the CO2 emissions from a DCL process to 
those of an indirect coal liquefaction (ICL) process. Based on molar carbon balances, DCL can 
be a much more carbon-efficient process than ICL. In the ICL case study, it was found that 66 
mol% of the carbon in the coal is lost as CO2. These emissions can be reduced to 50% by using a 
DCL process where a portion of the coal feed is gasified to produce hydrogen. Further CO2 
emission reductions are realized when methane reforming is utilized as the source of hydrogen. 
In that case, only 20% of the carbon is lost in the form of CO2 emissions. Utilizing a CO2-free 
source of hydrogen such as wind- or solar-powered water electrolysis would result in a DCL 
process that only loses about 11% of the carbon in the coal to CO2 emissions. Stated differently, 
depending on if the hydrogen for a DCL process comes from coal, natural gas, or renewable 
sources, a DCL process emits 16%, 46%, and 55% less CO2, respectively, than an ICL process. 
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SUBTASK 3.3 – FEASIBILITY OF DIRECT COAL LIQUEFACTION IN THE 
MODERN ECONOMIC CLIMATE 

 
 
INTRODUCTION 
 
 Following 1973 petroleum price disruptions, the U.S. government began a substantial 
program to fund alternative fuels development (U.S. Department of Energy [DOE], 2001). Direct 
coal liquefaction (DCL) was included in this effort. The majority of this funding was spent 
between 1976 and 1981 on large-scale demonstration facilities that used somewhat primitive 
“Phase I” processes. These processes included SRC-II (Solvent-Refined Coal-II), H-Coal, 
Lummus two-stage liquefaction, Wilsonville two-stage liquefaction, Hydrocarbon Research, 
Inc./Hydrocarbon Technologies, Inc. (HRI/HTI) two-stage liquefaction, Exxon donor solvent 
(EDS), and University of Kentucky Advanced Liquefaction Concepts programs. While these 
large-scale projects resolved some of the operational challenges inherent in DCL processes, they 
did not resolve the issues of process yield, selectivity, product quality, and economic potential 
(U.S. Department of Energy, 2001). 
 
 A separate effort was conducted to understand the fundamental chemistry of DCL. Results 
from this effort were useful in that they led to suggestions for process improvements and 
provided a theoretical optimum (U.S. Department of Energy, 2001). This project reviewed 
previous research efforts related to DCL, the current Shenhua DCL project, and DCL’s 
remaining technical challenges and conceptual costs. Because of the increased concern regarding 
carbon dioxide’s role in global climate change, a proposed coal liquefaction plant today would 
almost certainly have to mitigate carbon dioxide emissions. Therefore, the carbon dioxide 
emissions of DCL and those of indirect coal liquefaction (ICL) were compared.  
 
 
DCL PROCESSING 
 
 DCL routes can be grouped into two kinds of processes. One, called hydroliquefaction or 
catalytic liquefaction, uses catalyst mixed with coal to achieve liquefaction. The other process, 
called solvent extraction, uses hydrogen donor solvents to liquefy coal in the absence of a 
catalyst (Probstein and Hicks, 1982). Although the processes are generally grouped in this 
fashion, the distinction is not clearcut. Hydroliquefaction processes may use both donor solvents 
and catalysts; some solvents function more as hydrogenation catalysts than as true solvents 
(Chawla, et al., 1994; Malhotra and McMillen, 1990; McMillen et al., 1987), and many of the 
metals considered catalytic to coal liquefaction are present in coal ash (Probstein and Hicks, 
1982). The main distinction between the two types of processes is the intentional addition of 
catalyst material. 
 
 DCL grew out of work conducted in Germany prior to World War II. In the original 
Bergius-IG hydroliquefaction process, which used nonrecycled iron oxide or molybdenum 
catalysts (Derbyshire and Hager, 1994), conditions were quite severe. Pressures were up to 
around 10,000 psig (700 atm), residence times were close to 90 minutes, and H2 consumption 
was roughly double that of comparable processes developed since the 1970s (McMillen et al., 
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1987). Although yields of liquid transportation fuel were high, the high costs of pressure, 
residence time, and hydrogen make the original Bergius-IG process uneconomical by today’s 
standards. 
 
 The early German work also involved solvent extraction processes. The Pott-Broche and 
Uhde-Pfirrman processes both used hydrogen donor solvents to produce refined material from 
coal. However, the products were not suitable transportation fuels. The primary products were, in 
fact, solid at room temperature (Probstein and Hicks, 1982; Department of Trade and Industry, 
1999). 
 
 In the United States after World War II, the German processes were modified through the 
use of better solvents and more robust catalysts. Work conducted from the 1950s through the 
early 1980s focused primarily on bituminous coals, and conditions were optimized for these 
coals. The best solvents were found to be those containing mixes of partially unsaturated 
polyaromatics and cresols, such as creosote oil (Probstein and Hicks, 1982). Work performed at 
the University of North Dakota Energy & Environmental Research Center (EERC) during the 
1980s and 1990s showed that more phenolic solvents were better suited to liquefy low-rank coals 
such as North Dakota lignites (Rindt et al., 1987, 1990; Rindt and Hetland, 1991, 1993a, b; 
Hetland and Rindt, 1996).  
 
 In all major processes studied in the United States and elsewhere in the world at this time, 
pressures were reduced to 3000 psig (200 atm) or lower, and catalysts were generally recycled to 
improve process economics. However, processes aimed at producing liquid transportation fuels 
were never able to reduce residence times to much less than 1 hr, and the selectivity toward 
distillable fuels was often lower than in the original Bergius-IG process (Probstein and Hicks, 
1982). Still, lower pressures were preferred because of the capital and operating costs of running 
at higher pressures. 
 
 After the early 1980s, interest in DCL declined as oil prices fell and supply stabilized. 
Most of the work conducted in the 1990s focused on developing improved catalysts or reactor 
designs. Despite limited governmental or financial interest in coal liquefaction, a small number 
of processes did continue to move forward at the process development scale. These included the 
catalytic two-stage liquefaction (CTSL) process developed by HTI, which built off of the H-Coal 
process developed in the 1970s but incorporated two reactor stages and an inline hydrotreater for 
higher distillate yields. A 3-ton-per-day (tpd) process development unit (PDU) was run at 
Lawrenceville, New Jersey, for several years in the 1990s and showed good yields using both 
bituminous and subbituminous coals (Comolli et al., 1995, 1996). 
 
 In Japan, the NEDOL process was demonstrated in a 150-tpd pilot plant during the late 
1990s (Hirano, 2000). The process has been tested with two low-rank Indonesian coals and a 
Japanese bituminous coal. The NEDOL process seemed to favor subbituminous coal, as yields of 
oil using the Indonesian subbituminous coal were superior to oil yields using the other two coals 
and the yield of undesirable residuals was highest using the Japanese bituminous coal in the pilot 
plant. 
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 The Kohleöl (“coal oil”) process developed by Ruhrkohle AG was also demonstrated on 
the pilot scale at Bottrop in Germany. The pilot plant had a 200-tpd capacity and operated from 
1981 to 1987 (Department of Trade and Industry, 1999, Specks et al., 1981; U.S. Department of 
Energy, 1989). The process was fairly similar to the original Bergius process in terms of catalyst, 
temperature, and residence time, but modifications to the original process design allowed a 
significant reduction in pressure from 10,000 to around 4000 psi. 
 
 All three of these processes are now considered close to commercial scale. The Shenhua 
facility in Erdos, China, which at 7000 tons of coal per day is slated to be the largest DCL plant 
ever built, incorporates elements of each process with the HTI design as its core technology 
(Fletcher et al., 2004). The estimated selling price of fuel from Shenhua-I (SH-I) is reported to be 
$31 (2009 U.S. dollars [USD]) per barrel. By contrast, the price of West Texas Intermediate 
(WTI) crude oil is expected to average $42 per barrel in 2009 and $53 per barrel in 2010 (Energy 
Information Administration, 2009a). In July of 2008, crude oil prices were over $130 per barrel 
(Energy Information Administration, 2009b). 
 
 Despite the near-commercial success of three DCL designs and the construction of a small 
commercial plant in China, work in DCL has not advanced appreciably since the 1980s or, 
arguably, since the 1940s. Several novel processes developed in the 1970s and 1980s have since 
been discarded as impractical or expensive. All processes currently considered close to the 
commercial scale use disposable iron-based catalysts at high pressures and temperatures with 
long residence times (Hirano, 2000; U.S. Department of Energy, 1989; Headwaters, Inc. 2008), 
making them similar to the original Bergius-IG process developed in Germany. 
 
 
HISTORICAL DCL EFFORTS IN THE UNITED STATES 
 
 SRC-II 
 
 The SRC-II process is an extension of the solvent refined coal process. The SRC process 
produced a solid, low-melting point, ash-free, reduced-sulfur boiler fuel. The process first mixed 
coal with a recycled distillate stream. The coal–distillate slurry was then heated and held at 
temperature in the presence of hydrogen gas. Gases were separated from the reaction product, as 
were solids and solvent recycle. The SRC-II process differed from the SRC process in that the 
SRC-II process was designed to produce a distillate fuel instead of a solid boiler fuel (U.S. 
Department of Energy, 2001).  
 
 A smaller, 0.5-tpd SRC-II PDU supported the efforts of a larger 50-tpd SRC-II pilot plant. 
The smaller unit, P-99, began operating in 1976 in Harmarville, Pennsylvania and was used to 
study process engineering and process performance (U.S. Department of Energy, 2001). The 
larger Ft. Lewis pilot plant began operating in SRC-II mode in 1977 at Ft. Lewis, Washington. 
The Ft. Lewis pilot plant was utilized for testing large-scale equipment, verifying operations, 
testing hardware, exploring operations with a variety of coals, and producing large-quantity 
samples.  
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 A $1.5 billion, 6000-tpd demonstration plant was also planned by Gulf, DOE, and the 
governments of West Germany and Japan and was to be located north of Morgantown, West 
Virginia on the Monongahela River. However, construction of this facility was canceled when 
representatives of the United States, West Germany, and Japan met in 1981 (U.S. Department of 
Energy, 2001).  
 
 The operability of the SRC-II process was demonstrated, and the following operating 
variables were studied for their effect on product yield: coal concentration in feed slurry, recycle 
solids plus coal concentration, dissolver residence time, dissolver temperature, dissolver 
pressure, and feed hydrogen purity. The objective was to maximize liquid yield while still 
producing enough vacuum bottoms to generate the process’s hydrogen and syngas needs through 
gasification. For midwestern U.S. (Illinois Basin) coal, the SRC-II process total distillate yield 
was typically 47% on a moisture and ash free (MAF) coal basis (U.S. Department of Energy, 
2001).  
 
 The raw naphtha product produced from the SRC-II process was highly aromatic and 
naphthenic, which was reported to be a desirable quality in a gasoline blendstock or reformer 
feedstock. The raw naphtha also contained high concentrations of sulfur (0.24%), nitrogen 
(0.88%), and oxygen (3%), however, and formed solids and gums upon storage (U.S. 
Department of Energy, 2001).  
 
 Like the raw naphtha product, the SRC-II fuel oil was also highly aromatic and phenolic. 
Middle distillate alone made stable blends with No. 2 fuel oil. However, if middle distillate and 
heavy distillate were mixed at a 2/1 ratio to form SRC-II fuel oil, the solution was not fully 
compatible with No. 2 fuel oil (U.S. Department of Energy, 2001). SRC-II oil also tended to 
form stable emulsions with water (The Pittsburg and Midway Coal Mining Company, 1978).  
 
 To alleviate fuel quality issues, Chevron evaluated concepts for upgrading SRC-II full-
range liquid product (Sullivan and Frumkin, 1980; Frumkin et al., 1980). Because the raw SRC-
II product had high nitrogen content and aromaticity, it was unsuitable for use in a conventional 
refinery. However, high-severity hydrotreating resulted in a material that could be fractioned into 
jet fuel and naphtha suitable for reforming. Moderate-severity hydrotreating gave material 
suitable for gasoline and No. 2 heating oil. The jet fuel met all specifications, except that it was 
too dense (U.S. Department of Energy, 2001). Interestingly, ICL produces a jet fuel that is not 
dense enough. Therefore, a blend of ICL and DCL jet fuels may be required to produce a spec-
compliant jet fuel.  
 
 The literature also states that phenolic compounds produced from the SRC-II process were 
investigated for potential sale as nonfuel chemicals (U.S. Department of Energy, 2001). 
Petrochemical (Harris and Sinnett, 1980), benzene, toluene, xylene (BTX) (Sullivan et al., 1980), 
and ethylene (Harris et al., 1982) were discussed as potential SRC-II products.  
 
 SRC-II work showed that sulfur content in the coal correlated with liquid yield. Sulfur was 
presumed to be a surrogate for pyrite or iron catalysts. Implementing a solids-recycling stream 
would also recycle catalytic material and would, therefore, reduce the makeup catalyst 
requirement in an SRC-II process (U.S. Department of Energy, 2001). Work indicated that low-
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rank coals may be particularly attractive feedstocks for SRC-II processes if a disposable catalyst, 
such as ground pyrite, is used (The Pittsburg and and Midway Coal Mining Co., 1982; Alexander 
and Anderson, 1982).  
 
 H-Coal 
 
 HRI (later HTI) invented the H-Coal process in the early 1960s. The H-Coal process is a 
single-step, catalytic DCL process. The process is based on an ebullated-bed reactor. Reactor 
internals are designed to allow liquid that is above the catalyst bed to be pumped back through 
the bottom of the reactor as necessary (U.S. Department of Energy, 2001).   
 
 H-Coal process development started in bench units of coal of 25 lb per day, then proceeded 
to a 3-tpd PDU, and finally to a 200–600-tpd pilot plant. The H-Coal pilot plant was built next to 
an Ashland Oil Company oil refinery located at Catlettsburg, Kentucky. This strategic location 
allowed the pilot plant to utilize the refinery’s hydrogen production, sulfur recovery, wastewater 
treatment, and laboratories. The pilot plant was originally designed to run in either of two modes: 
1) syncrude mode, to produce a crude oil-type feedstock to be sent to an oil refinery and 2) fuel 
oil mode, to produce heavy distillates and deashed residuum for boiler and utility fuels (U.S. 
Department of Energy, 2001). 
 
 The New Source Performance Standards (NSPS) were promulgated during this period and 
made producing a 0.7 wt% sulfur boiler fuel unattractive. This legislation, along with funding 
and schedule constraints, ultimately led to the pilot plant exclusively operating in the syncrude 
mode of operation (U.S. Department of Energy, 2001).  
 
 Many equipment and operational challenges were overcome while operating the H-coal 
pilot plant in the syncrude mode. The harsh operating conditions of the process caused many 
components to fail during operation, rendering the process inoperable. Specifically, letdown 
valves, block valves, slurry charge pumps, high-pressure vapor/liquid separation vessels, and 
distillation towers experienced operational problems that had to be addressed. In the DOE report, 
it was pointed out that most of the operational knowledge obtained from the H-Coal pilot plant 
operation generally applies to most other DCL processes (U.S. Department of Energy, 2001).  
 
 The H-Coal reactor effluent slurry was let down in pressure in two stages, from 3000 to 
1200 psi and then from 1200 to 50 psi. The stream contained coal ash solids and proved to be 
very erosive at the high temperature and pressure of the process. The original letdown valves 
lasted less than 10 hours in operation (Ashland Synthetic Fuels, Inc., 1984a). A valve-testing and 
development program was conducted to achieve a valve life of at least 30 days. Only the 
Masoneilan prototype valve with an extendable–erodible plug showed potential for exceeding 
the 500–700-hour service life in the 1400-psi drop application. The following list summarizes 
major valve findings (U.S. Department of Energy, 2001): 
 

• Erosion rate was roughly a function of the pressure drop squared. 
 
• Using diffusion-bonded coatings increased valve trim life. 
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• Controlled heat-up of letdown and block valve trains must be practiced in a commercial 
system to prevent thermal shock damage to tungsten carbide components. 

 
• Commercial letdown valves should not employ a tight shutoff but, instead, these valves 

should be designed with a small plug seat clearance with adjustable stops to prevent 
plug/seat contact and to take up for trim wear (U.S. Department of Energy, 2001).  

 
 Block valves were used to isolate high-pressure letdown valves in the H-Coal pilot plant. 
Originally installed valves lasted less than two open–close cycles because of the harsh conditions 
of the process (U.S. Department of Energy, 2001). A block valve test program was conducted 
and found three valves to be the best candidates for commercial use: 1) Mogas, 2) Kamyr, and 
3) Cameron. The test program allowed Ashland Synthetic Fuels, Inc. (ASFI), to develop 
commercial valve recommendations (Ashland Synthetic Fuels, Inc., 1984b). 
 
 Slurry charge pump performance was also a major challenge in the H-Coal pilot plant. The 
average time to failure for these pumps was reported to be only 3 days (Ashland Synthetic Fuels, 
Inc., 1984c). Problems were mostly related to the abrasive slurry particles wearing on the wetted 
pump parts. The following recommendations were made in order to improve plunger/packing life 
(Irvine et al., 1985): 
 

• Use a clean purge fluid with a throat bushing substantially longer than the pump stroke. 
 
• Use surge legs that provide a substantial volume vertical between the plunger and check 

valves. 
 
 The recommendations dramatically increased pump life, according to the literature. At the 
German Bottrop liquefaction plant, it was reported that slurry charge pumps utilizing the surge 
leg technique presented no operational problems, including a run that lasted 2000 hours (U.S. 
Department of Energy, 1989).  
 
 The effluent stream leaving the coal liquefaction reactor contained liquid and vapor that 
were separated in a high-pressure separator. Operations at the H-Coal pilot plant initially showed 
problematic coking in the separator bottom. Large masses of solid buildup in the reactor bottom 
were created when solids settled to the hot bottom section of the reactor and formed coke. This 
eventually forced the plant to shut down. To eliminate coking in the reactor bottom, hydrogen 
gas was fed to the bottom of the reactor through a sparge ring to agitate and cool (to 750°C) the 
separated liquid. The bottom was also filled with refractory to form a cone-shaped discharge. 
These changes were made simultaneously and eliminated coke formation in subsequent runs 
(U.S. Department of Energy, 2001).  
 
 The atmospheric distillation fractionators in the SRC-I, SRC-II, EDS, and H-Coal 
liquefaction plants all experienced severe corrosion associated with chlorine present in the coal. 
The proposed mechanism involved unstable amine hydrochlorides in the fractionator and started 
when feed decomposed in the feed heater to form hydrogen chloride and aromatic amines. These 
compounds then entered the tower and rose to the cooler top portion. The cooled compounds 
then recombined to form liquid amine hydrochlorides and fell back to the hot bottom portion of 
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the tower, where they again decomposed and rose to the top. This reflux-type mechanism created 
a build-up of corrosive chlorides in the tower. Eventually, the chlorides reacted with the iron 
trays to form FeCl2, which left the tower in the side stream or bottoms product (Ashland 
Synthetic Fuels, Inc., 1984d). 
 
 Corrosion coupon racks showed that Inconel 625, Hastelloy C-4, and titanium were highly 
resistant to corrosion at the operating conditions. It was noted that, for commercial installations, 
metallurgy alone or with process changes to control chloride levels would correct the corrosion 
problem (U.S. Department of Energy, 2001).  
 

 Regarding a DCL plant’s vacuum distillation tower, bottoms pumping was a problem. For 
commercial operations, the following recommendations were made (U.S. Department of Energy, 
2001): 
 

• Raise the vacuum tower 30 to 40 ft above the bottoms pump suction flange to increase 
net positive suction head (NPSH) at the pump suction and increase the suction pressure 
above atmospheric, which eliminates air leaks. 

 
• Use reciprocating plunger positive displacement pumps to transfer bottoms material to 

other processing units, since they are less susceptible than centrifugal pumps to 
increased head requirements due to viscosity changes. 

 
• Use centrifugal pumps for pump-around service. Pump-around service centrifugal 

pumps worked well in the reactor coal slurry feed system where absolute viscosity of 
the slurry was similar to that of the vacuum bottoms. 

 
 Lummus Integrated Two-Stage Liquefaction Program (Schindler et al., 1983; 
 Chillingworth et al., 1985) 
 
 Lummus’ process consisted of three units: the short contact time coal (SCT) reactor unit, 
the antisolvent deashing unit (ASDA), and the LC-Finer reactor unit. The approach combined a 
thermal liquefaction step with a catalytic hydroprocessing step. The thermal liquefaction step 
was operated to produce high yields of coal extract without regard to desulfurization, distillate 
yield, or recycle solvent self-sufficiency. The ASDA unit initially deashed the coal extract in 
order to protect the downstream catalyst, although it was found that the catalyst was tolerant to 
ash and a more effective technique was to move the ASDA unit after the hydrotreater. The 
function of the catalytic hydroprocessing step was to desulfurize, hydrogenate, and produce 
distillate. The three process units were typically operated in blocked-out semibatch mode, as 
opposed to a fully integrated, continuous fashion.   
 
 The Lummus integrated two-stage liquefaction (ITSL) program provided some key process 
knowledge. It was found that the catalyst used for testing (cobalt/molybdenum on alumina and 
later extruded nickel/molybdenum on alumina, referred to as Shell 324M) were tolerant to coal 
mineral matter and undissolved coal organic matter. As a result, the ASDA unit was moved 
downstream of the hydrotreater. This greatly decreased the demand on the ASDA unit and 
improved product yield. It was found that distillate product yield can also be increased by 
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recycling undissolved coal organic matter in the recycle stream. This technique further reduced 
the demand on the ASDA unit. In general, the Lummus report stated that the large lower-cost 
reserves of subbituminous coal in the United States, along with subbituminous coal’s ease of 
conversion to liquid products, make it an attractive feedstock for liquefaction. 
 
 Wilsonville Two-Stage Liquefaction Program (Lee et al., 1986) 
 
 The original pilot plant at Wilsonville was commissioned in 1974 and consisted of a 
single-stage thermal reactor and filtration unit. The purpose of this facility was to convert coal 
into ash-free, reduced sulfur, solid boiler fuel. This product was called solvent-refined coal 
(SRC) and had a low melting point.  
 
 The Wilsonville pilot plant was then modified in 1981 when Hydrocarbon Research, Inc., 
supplied an H-Oil ebullated-bed hydrotreater. This allowed the plant to operate in two-stage 
liquefaction mode. Heavy products were recycled, permitting the process to produce an all-
distillate product slate, with the major product being a turbine fuel. In all configurations tested, 
part of the net product consisted of unhydrotreated material from the thermal first stage. This 
material was tested at Westinghouse Electric Corporation for performance and emissions. The 
deasher was moved downstream of the hydrotreater, upon Lummus’s finding that the 
hydrotreating catalyst was not adversely affected by coal mineral matter.  
 
 The thermal first-stage reactor was eventually replaced by a reactor that was virtually 
identical to the second-stage hydrotreater. The new configuration was referred to as close-
coupled integrated two-stage liquefaction (CC-ITSL) (Nalitham et al., 1987, 1988). This 
configuration was utilized for the remaining duration of the Wilsonville program. Temperatures, 
catalyst, recycle, coal type, and other variables were investigated for their effect on product yield 
and quality. Distillate yields were maximized by minimizing both the gas make and amount of 
organic matter rejected with the mineral matter. Distillate quality was improved by limiting the 
product’s final boiling point.  
 
 When feeding bituminous coal, it was found that using supported catalyst in both reactors 
gave the best performance. When feeding subbituminous coal, it was found that adding dispersed 
catalyst to the first stage and using a supported catalyst in the second stage gave the best 
performance. Low-ash coal gave the best yields in the liquefaction process. Detailed analysis of 
the product led to the conclusion that the CC-ITSL oils, although not considered a finished 
transportation fuel, would be suitable blendstock at conventional petroleum refineries that 
produce transportation fuels.  
 
 The advances made during the Wilsonville program and other programs conducted during 
the same period resulted in substantially improved DCL process economics, compared to earlier 
programs (Lumpkin, 1988). Key strategies were found that can be used to maximize the yield of 
reasonably high-quality distillate product in DCL processes. It was found that distillate products 
should not be taken from thermal reactors because they are poor-quality distillates. The distillate 
product should be taken from a second-stage reactor, and this reactor should contain supported 
catalyst. The net product and heavy recycle stream separation was found to be very important. 
Heavy products contaminated the distillate stream and recycled light oils tended to crack to gas, 
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thereby decreasing distillate yields. If there is not enough resid generated to act as recycle oil, 
this is an indication that the process severity and gas make are too high. Temperature and/or 
reactor time should be reduced in this situation. When removing ash, resid product is also 
removed. Correspondingly, low-ash coals were found to give the best distillate yields. Low-rank 
coals produced less distillate, on a mass basis than bituminous coals because of their higher 
oxygen content; however, the CC-ITSL process was flexible enough to convert a wide range of 
U.S. coals into distillate product that was suitable as blendstock to a conventional petroleum 
refinery. The CC-ITSL process was found to be operable and controllable at the 6-tpd scale.  
 
 HRI/HTI Two-Stage Liquefaction (Shindler, 1989; Comolli et al., 1984; McLean et 
 al., 1985; Comolli and McLean, 1985) 
 
 HRI/HTI developed a catalytic two-stage process in 1982. In 1993, the two-stage system 
evolved into the catalytic multistage liquefaction (CMSL) system. The CMSL process was made 
up of an initial preheater, a back-mixed slurry reactor, and an ebullated-bed reactor. Dispersed 
catalyst precursors were activated in the preheater. The first reactor operated as a slurry reactor 
with no supported catalyst. The second stage operated with a supported catalyst. Product 
cleaning and separation units were located downstream of the second-stage reactor.  
 
 The first-stage catalyst’s function was to promote hydrogenation of the solvent, 
stabilization of the primary liquefaction products, and hydrogenation of the primary and recycle 
resid. The second-stage catalyst’s function was to promote heteroatom removal, improve product 
quality, convert resid to distillate, and avoid dehydrogenation (McLean et al., 1986).   
 
 An economic comparison calculated the process economics of H-Coal, CTSL, and CTSL 
with bottoms recycle. The calculations showed that, compared to H-Coal which produced a 
$45.94/bbl product, CTSL decreased the cost per barrel of product by 12%, to $40.52/bbl. 
Implementing a bottoms recycle on the CTSL process resulted in an additional 5% reduction, to 
$38.35/bbl.  
 
 Exxon Donor Solvent 
 
 The EDS process utilizes a noncatalytic hydroprocessing step to liquefy coal. The recycle 
solvent is catalytically hydrogenated in a fixed-bed reactor before mixing with the coal. Because 
the coal dissolution and resid upgrading take place in one thermal reactor, the EDS is considered 
to be a single-stage process. Reaction conditions are similar to those of SRC-I and H-Coal (Lee 
et al., 2007).  
 
 Exxon initially developed the process on its own, before the project became a joint effort 
between Exxon and DOE. In 1980, a 250-tpd demonstration plant was put into operation. The 
facility was shut down and dismantled in 1982.  
 
 
 
 



 

10 

 EERC DCL Process (Rindt et al., 1987, 1990; Rindt and Hetland, 1991, 1993a, b; 
 Hetland and Rindt, 1996) 
 
 The EERC has a long history of research in the area of DCL. Historically, much of this 
research has focused on the coal type indigenous to the area, lignite. Research at the University 
of North Dakota (UND) Department of Chemical Engineering showed that lignite converts to 
more desirable products at higher efficiencies during two-stage processing than during single-
stage processing. Subsequent research at the EERC showed that liquefying lignite in a lower-
severity, multistep process resulted in higher conversion to desired product than did higher-
severity, single-stage liquefaction. More than 14 years of research and development culminated 
in a patent for a DCL process (Rindt and Hetland, 1993b). 
 
 The EERC’s patented process consisted of four steps: a preconversion treatment to prepare 
the coal for solubilization, solubilization of the coal in a solvent, a polishing step to complete the 
solubilization of the remaining carbonaceous material, and a traditional hydrogenation step. The 
process featured a composite solvent containing both phenolic and hydrogenated solvents. 
Advantage of the moisture inherent in lignite was taken by using CO and the reductant, which 
reacted with the water during the water–gas shift reaction to form nascent H2 that was available 
to the coal. Finally, although the process was not catalytic, it did utilize H2S as a reaction 
promoter/H2 shuffler between the gas and liquid phases. 
 
 The first three steps of the process produced a liquid product that was more amenable to 
hydrotreatment than the products of single-stage, low-rank coal processing. Using this approach, 
as much as 80% of the MAF coal fed to the system could be converted to liquid products. About 
83% of the liquid product was premium distillate. These yields were achieved at solubilization 
conditions of about 375°C and 2100 psig, polishing conditions of roughly 435°C and 3200 psig, 
and hydrotreatment conditions of 405°C and 3000 psig.  
 
 It was shown that the composite solvent could be recycled during the preconversion, 
solubilization, and polishing steps. During recycle, the solvent maintained its hydrogen donor 
capability and appeared to approach a viable lineout composition of 32 to 34 wt% cresol (or 
equivalent). 
 
 The preconversion and solubilization steps of the EERC’s staged direct liquefaction 
process were applied to biomass (hybrid poplar) during limited autoclave testing. The yield 
structure and product quality were found to be similar to those produced from lignite.  
 
 DCL Fuel Product Quality (Zhou et al., 1992, 1994, 1997; Winschel et al. 1991, 
 1994; Winschel and Zhou, 1991) 
 
 Liquid product from various DCL processes was analyzed for product quality. Fourteen 
naphtha samples from eight tests that were conducted at three facilities over the course of 6 years 
were provided for analysis (naphtha is a gasoline feedstock). These samples were of very high 
quality because of their high naphthene content, low aromatics content, low olefin content, and 
low heteroatom content. These qualities reportedly made the DCL-derived naphtha an excellent 
reformer feedstock.  
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 The 180°–300°C distillation cut from nine DCL products was compared to petroleum-
derived aviation turbine specifications. It was found that the coal-derived distillate fractions 
contained too many aromatics and naphthenic compounds to be used as commercial jet fuel (Jet 
A-1). However, additional hydrotreating could be conducted to meet Jet A-1 specifications. This 
distillate cut could also be distributed into refineries’ gasoline feedstocks and diesel fuel or 
blended with a Fischer–Tropsch (FT)-derived isoparaffinic kerosene to increase the density of 
the fuel in order to meet jet fuel specifications. The 180°–300°C DCL distillates had high 
volumetric energy densities and also had potential as high-energy-density jet fuel feedstock.  
 
 
TECHNICAL CHALLENGES 
 
 Obstacles 
 
 Although progress has been made in DCL over the last 20–30 years, a number of technical 
obstacles remain. The common theme to all obstacles is reducing capital cost, which has by far 
the greatest impact on the cost of DCL fuel. The major areas in which research is still needed are 
the following: 

 
• Reducing capital costs with improved catalysts 
• Optimizing processes and catalysts for lignite 
• Effectively separating ash from other heavy products 
• Optimizing refinery processes for coal-derived liquids 

 
 The critical factors that drive up a DCL plant’s capital costs are reactor pressure, reactor 
volume, and process complexity. Reducing pressure would require an improved catalyst. 
Decreasing reactor volume would require faster reaction rates, which could also be achieved 
using improved catalysts. Better catalysts might also allow the design of processes with fewer 
unit operations. Thus improved catalysts seem to be an ideal target for reducing capital costs. 
However, despite numerous advances made in DCL catalyst science since the 1940s, all 
commercial processes continue to use disposable iron-based catalysts similar to those used in the 
original German DCL processes. Clearly, more work is needed to develop catalysts that benefit 
the economics of a DCL process. 
 
 Low-rank coals are more reactive than high-rank coals and, if catalysts cannot be readily 
improved for high-rank coals, appear to be a promising option. However, much large-scale 
research conducted to date has shown poorer yields when liquefying lignite than when liquefying 
higher-rank coals. Bench-scale research has shown that lignite can be converted to distillate fuel 
at high yield and high selectivity. Much more work is needed to show that the bench-scale 
processes are scalable and have promising economics relative to the more well-established DCL 
processes. 
 
 Separating ash from other DCL products is necessary to achieve complete recycle of 
unreacted coal. Recycling all of the unreacted carbon and catalyst would provide both higher 
yield and higher catalyst loading, both of which might lead to lower capital costs for a given 
output of fuel. To date, none of the processes that have tested 100% recycle beyond the bench 
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scale have shown improved economics when compared to baseline cases without recycle. 
Further work must be done to develop better ash separation techniques or to move promising 
laboratory studies on to the next step in development. 
 
 Following DCL liquid production, the products must be upgraded to meet existing 
transportation fuel specifications. Hydrotreating studies have shown that DCL products are not 
as readily converted over existing catalysts as petroleum products. These results suggest that 
other upgrading processes may face similar difficulties. Given the already high capital cost of 
DCL, refining operations must be optimized for DCL fuels to minimize further capital 
investment. 
 
 In summary, DCL appears to be closer to commercial reality than it has been in the past. 
Economic estimates put the minimum selling price of DCL fuel below the price of crude oil as of 
November 2008. However, the large capital investment remains a hurdle both for further 
lowering the selling price of DCL fuel and for attracting investors. Any research that leads to 
lower capital cost is likely to bring DCL closer to large-scale commercialization. 
 
 Reducing Capital Costs with Improved Catalysts 
 
 The major impetus to improve catalyst performance is not to reduce the cost of catalyst, 
since multiple studies have shown that catalyst costs are not significant compared to capital costs 
when determining the minimum selling price for a barrel of DCL liquids (Comolli et al., 1995, 
1996; Burke et al. 2001; Bechtel Corporation, 1992; Malhotra, 2005; Gough et al., 1987). Rather, 
the objective in improving catalyst performance is to reduce capital cost by reducing pressure 
vessel volume, system pressure, or process complexity. 
 
 A baseline case for catalyst and capital cost may be taken as the Shenhua coal liquefaction 
facility. This plant will incorporate elements from three liquefaction processes, each considered 
close to commercial readiness: the CTSL reactor developed by HTI (now owned by Headwaters, 
Inc.); the Kohleöl process developed by Ruhrkohle AG of Germany; and the NEDOL process 
developed in Japan (Fletcher et al., 2004). In all three processes incorporated into the Shenhua 
design, as in the original Bergius-IG process, the catalyst is iron oxide and is not recycled 
(Probstein and Hicks, 1982; Department of Trade and Industry, 1999; Hirano, 2000; U.S. 
Department of Energy, 1989; Fletcher et al., 2004; Headwaters, Inc., 2008). 
  
 While continuous catalyst makeup and disposal may seem to represent a worst-case 
scenario for process economics, processes developed with catalyst recycle have not fared much 
better. In the H-Coal process and its derivatives, in which a robust cobalt-molybdenum (CoMo) 
catalyst was kept in an ebullated bed and was only withdrawn or replenished to maintain activity, 
catalyst makeup was around 0.5 kg/ton of coal (Probstein and Hicks, 1982; Lamb et al., 1987). 
The 3-tpd CTSL PDU at Lawrenceville, New Jersey, used a nickel-molybdenum on aluminum 
oxide (NiMo/Al2O3)-supported catalyst and had similar catalyst makeup rates of 0.75 kg/ton coal 
or higher. Based on experience collected at the Lawrenceville facility, HTI’s commercial CTSL 
design allowed for catalyst makeup of 1.35 kg/ton of coal. In either the H-Coal or the CTSL 
process, neither the capital cost nor the cost of catalyst seems to have been greatly reduced 
compared to processes using disposable iron-based catalyst, as evidenced by the fact that 
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Shenhua has chosen to go back to iron-based catalysts. This is because iron-based catalysts are 
so much cheaper than molybdenum-based catalysts such as CoMo or NiMo that they can be 
justifiably disposed of after a single pass (Derbyshire and Hager, 1994).  
 
  One option for increasing catalyst activity and reducing costs would be to use catalysts in 
which metals are dispersed as either water- or oil-soluble liquids (Derbyshire and Hager, 1994; 
Ruether et al., 1987; Zhan and Givens, 1999; Demirel and Givens, 2000a), allowing the metals to 
deposit and interact directly on coal surfaces. Dispersed catalysts are reported to give higher 
liquid yields and require lower catalyst loadings than do supported catalysts (Demirel and 
Givens, 1998, 2000a, b; Ni et al., 1994). When dispersed iron and molybdenum catalysts were 
added to augment the performance of supported catalyst in the Lawrenceville CTSL facility, 
catalyst makeup was indeed reduced (Comolli et al., 1996). However, HTI’s economic 
assessment of the results showed that the selling price of distillate product would be no lower 
with dispersed catalyst than with supported catalyst because an increase in capital cost would 
offset the lowered catalyst cost. Further work with dispersed catalysts may lead to processes with 
shorter residence times and, therefore, smaller reactors and lower capital costs. 
 
 Instead of using a dispersed catalyst, catalyst could be added as a very fine powder. This 
was the approach used in the Dow coal liquefaction process, which used a fine micron-scale 
powdered molybdenum catalyst (Probstein and Hicks, 1982; Derbyshire and Hager, 1994; Moll 
et al., 1981). Solid products (ash, coke, and unreacted coal) were separated from the liquid 
products using hydrocyclones. Because the catalyst was extremely fine, it did not separate in the 
hydrocyclones and was, instead, recycled with the cyclone overflow. While this greatly increased 
the concentration of catalyst in the reactor, it is not certain that there was any benefit in reducing 
capital cost. It is known, however, that Dow abandoned the process and that none of the three 
processes considered close to commercial readiness have adopted similar strategies. 
 
 One of the easiest ways to reduce capital cost would be to have a single-stage reactor 
without downstream processing. However, iron- and molybdenum-based catalysts only give high 
distillate yields when used in staged reactors, and hydrotreating is always necessary to reduce 
sulfur, nitrogen, and aromatics content of the fuel. To use a single-stage reactor and avoid 
downstream processing, a new type of catalyst would be required. 
 
 Conoco overcame the problem of installing staged reactors and hydrotreating by using 
molten zinc chloride as a catalyst (Probstein and Hicks, 1982; Ralph M. Parsons Company, 
1977). This process had several advantages that made it amenable to a single-stage reactor. First, 
the yield and selectivity were quite high compared to processes operating at similar conditions, 
and the yield of undesirable by-products was very low. Second, nitrogen and sulfur were 
removed by reaction with the zinc chloride, so the product fuel was quite clean even without 
hydrotreating. Third, the final product was very nearly a finished motor fuel that did not require 
significant upgrading. Fourth, the product had relatively low levels of carcinogens in comparison 
with the products of other coal liquefaction processes (Penner, 1980). 
 
 The residence time in the reactor was higher for the Conoco process than most other coal 
liquefaction processes of the time, as was the hydrogen consumption (Probstein and Hicks, 1982; 
Penner, 1980). However, these were not significant concerns, because other processes yielded 
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products that required further hydrotreating and would have had additional hydrogen and 
residence time demands on the back end (Tognum/MTU Friedrichshafen, 2008). The primary 
issue with the Conoco process was the need to handle and regenerate molten zinc chloride, which 
is both very viscous and very corrosive. It was this limitation that prevented the Conoco process 
from advancing beyond the small PDU stage and, ultimately, caused Conoco to abandon the 
process. Much more work would be needed to develop either corrosion-resistant materials or 
alternatives to zinc chloride before a process like Conoco’s could be commercialized. While 
either solution is a long-term goal, the recent commercialization of molten carbonate fuel cells 
(Tognum/MTU Friedrichshafen, 2008) suggests that providing resistance to molten salt 
corrosion may not be as insurmountable a task as it once seemed. 
 
 Optimizing Processes and Catalysts for Lignite 
 
 Because it is not widely reported that well-established DCL processes may not be 
feedstock-agnostic, a quick background on liquefaction science is reported here. Discussion of 
how processes and catalysts might be optimized follows the brief background section. 
 
 The most efficient catalysts for liquefaction of U.S. bituminous and subbituminous coals 
are typically hydrotreating catalysts such as CoMo/Al2O3 (Penner, 1980), NiMo/Al2O3, (Comolli 
et al., 1996) or other molybdenum-based catalysts (Demirel and Givens, 2000a; Moll et al., 
1981). While these catalysts improve the yield and selectivity of distillate products, they do little 
to reduce the residence times, pressures, or temperatures as compared to solvent extraction 
techniques, which do not use any catalyst at all. Moreover, it is not certain that the same catalysts 
will work for all coals or whether they are specific to particular coals. 
 
 The question of whether catalysts are feedstock-agnostic is based on the pathway by which 
liquefaction is thought to occur. There are two mechanisms proposed by which DCL occurs. In 
the model that was widely accepted during the 1970s, DCL occurs via transient-state thermolysis 
products (Dabbagh et al., 1994; Neavel, 1976). This is based both on the observed temperatures 
at which coal liquefaction first becomes favorable and on the types of products that are formed. 
The model postulates that coal initially autothermolyzes under high hydrogen pressure in the 
presence of a solvent, both of which help to stabilize the thermolysis product and inhibit further 
cracking or coking. Hydrogen is then transferred to the thermolysis product via the solvent, 
which, in turn, is hydrogenated by the catalyst. 
 
 While the model of coal autothermolysis occurring prior to hydrogenation was well-
accepted up until the mid-1980s, a second model has since been put forward and has gained 
acceptance. In the revised model, some solvents—in particular, the poorer donor solvents 
containing polyaromatic groups—can directly hydrogenate key atoms of the coal molecule, 
which assists in bond-breaking and enhances thermolysis (Chawla et al., 1994; Malhotra and 
McMillen, 1990; McMillen, et al., 1987). This model was put forward primarily to explain why a 
mix of good and poor donor solvents is often a better overall solvent than either solvent alone 
(Probstein and Hicks, 1982), why some coals hydrogenate most readily in poor donor solvents 
(Neavel, 1976),  and how some of the bonds holding coal molecules together could be broken at 
liquefaction conditions (Malhotra, 2005). In this model, thermolysis is still a factor for breaking 
weak bonds, but solvents are critical to breaking strong bonds (Malhotra and McMillen, 1990). 
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  In addition to the two models described above, it has also been proposed that low-rank 
coals undergo liquefaction by a different pathway than do bituminous coals (Rindt et al., 1987, 
1990; Rindt and Hetland, 1991, 1993a, b; Hetland and Rindt, 1996; Keogh and Davis, 1994). 
Regardless of which pathway dominates for a particular coal, the current understanding is that 
solvents are primarily responsible for directly hydrogenating coal or its thermolysis product 
(Malhotra, 2005). Thus hydroliquefaction catalysts function indirectly, by increasing the rate at 
which solvent hydrogenates and thus favoring liquefaction reactions. For bituminous coals, 
hydrotreating catalysts likely function by partially hydrogenating polyaromatics (Malhotra, 
2005). For lignites, the optimum donor solvent is phenolic (Rindt et al., 1987, 1990; Rindt and 
Hetland, 1991, 1993a, b; Hetland and Rindt, 1996). Catalysts designed to target polyaromatics 
might not function well or have long lifetimes when used with lignite, particularly if the catalysts 
are sensitive to water (as water will form when phenols are reduced to aromatics). 
 
 It may be possible to derive catalysts that are coal-specific. For bituminous coals, dispersed 
catalysts may be the best catalysts available, while for lignite, a catalyst that targets phenolic 
groups might be superior. There are two advantages of efficiently using lignite in direct 
liquefaction. First, lignite is more reactive than higher-rank coals, so it can theoretically be 
converted to fuel using less severe conditions (Rindt et al., 1987, 1990; Rindt and Hetland, 1991, 
1993a, b; Hetland and Rindt, 1996) and, therefore, will require lower capital investment, which 
has the greatest impact on the selling price of DCL fuel (Comolli et al., 1996). Second, the 
ability to use lignite allows DCL plants to be built for regionally available coal in areas without 
ready supplies of higher-rank coals. 
 
 Large-scale coal liquefaction research—particularly in the U.S. and Germany—has 
focused primarily on converting bituminous and subbituminous coals (Fletcher et al., 2004; 
Headwaters, Inc., 2008; Moll et al., 1981). In part, the focus was likely because these coals have 
traditionally been more widely utilized than lignite. It is also because coal liquefaction solvents 
and catalysts seem to be feedstock-specific, and the solvents and catalysts for bituminous coals 
were relatively well-known by the early 1980s. Indeed, when the EDS process was tested using 
subbituminous coals and lignites, yields were consistently low (Probstein and Hicks, 1982). 
Results such as these led many researchers to the general conclusion that low-rank coals react 
more slowly than higher-rank coals and give lower yields (Derbyshire and Hager, 1994). It is 
also generally assumed that oxygen is detrimental to liquefaction (Burke et al., 2001), because 
reducing oxygen to water will require higher hydrogen consumption (Probstein and Hicks, 
1982).  
 
 Research conducted at the EERC during the 1980s and 1990s showed that North Dakota 
lignites could be successfully liquefied using hydrogenated phenolic solvents and staged reactors 
(Rindt et al., 1987, 1990; Rindt and Hetland, 1991, 1993a, b; Hetland and Rindt, 1996). Each 
stage had a different purpose and a different set of reaction conditions. As this was a solvent 
extraction process, it did not involve catalysts, but instead utilized H2S as a reaction promoter 
(i.e., a hydrogen “shuffler”). Although this process never came close to commercial scale, the 
early results suggest that low-rank coals can be liquefied at high yield using the proper 
conditions and solvents. Hydrogen consumption was minimized by using syngas rather than pure 
hydrogen as the hydrogen donor, which allowed CO in the syngas to remove oxygen as CO2 
rather than H2O. 
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 Similar work on lignite liquefaction was conducted by Consol Inc. and the University of 
Kentucky Center for Applied Energy Research (CAER) during the 1990s (Burke et al., 1995; 
Brandes et al., 1997). Both the optimum solvent and the optimum H2/CO ratio appeared to be 
different for lignite than for higher-rank coals or residuals, although this result was not discussed 
in great detail by the researchers. With the correct solvent and gas composition, lignite showed 
higher conversion to distillate fuel than did other feedstocks that were examined. CAER also 
reported that lignite might undergo liquefaction at lower temperatures than higher-rank coals 
(University of Kentucky Center for Applied Energy Research, 1992). 
 
 Based on the work conducted at the EERC and CAER, it appears that the reason lignite has 
never been converted at high yields beyond the bench scale is that solvents and processes are not 
feedstock-agnostic. The correct choice of solvent and reactor train design could produce distillate 
fuels from lignite at yields comparable to those of bituminous and subbituminous coals in more 
well-developed reactors. 
 
 Although the results from the EERC and CAER suggest that lignite can be used as an 
efficient DCL feedstock, work to date has been conducted only on the bench scale. Much more 
research is required to demonstrate scalability and to minimize the capital investment and 
operational severity of lignite liquefaction. Moreover, it must be demonstrated at a larger scale 
that lignite liquefaction is capable of giving yields comparable to those obtained from 
bituminous and subbituminous coals. 
 
 Effectively Separating Ash from Other Heavy Products 
 
 Regardless of the process used for liquefaction, some solids will always be present in the 
form of char, ash, and unreacted coal. In an ideal process, all unreacted carbon would be present 
as high-boiling residuals, which could be recycled to extinction (Comolli and Zhou, 2000). A 
complete recycle would also increase the catalyst concentration in the reactor, as was done in the 
Dow process during the 1970s and early 1980s (Moll et al., 1981). However, any 100% recycle 
scenario requires a separation step to prevent the build-up of ash over time. 
 
 Solids separation in DCL has been achieved by a number of methods. Hydrocyclones, 
filters, and solvent deashing have all been reported (Probstein and Hicks, 1982). The Dow 
process used hydrocyclones to selectively separate large ash particles from fine catalyst particles 
(Moll et al., 1981). The CTSL facility at Lawrenceville used filters to separate solids from heavy 
residuals (Comolli et al., 1995; U.S. Department of Energy, 1989). Because the catalyst was 
contained in an ebullated bed, the only solids in the residual stream were ash and char, and there 
was no need to separate catalyst from other solids for recycle. In bench-scale work conducted at 
the University of Kentucky CAER, coal cleaning has been performed prior to liquefaction to 
remove deposit-forming components from the ash, allowing residuals and catalysts to be more 
fully recycled (University of Kentucky Center for Applied Energy Research, 1992).  
 
 Although researchers have reported successful recycle of residual material to extinction 
using the above-mentioned processes, it must be kept in mind that the largest hindrance by far to 
commercializing DCL technology is the capital cost. An increase in yield at the cost of extra 
process vessels or larger reactors is likely to have a negative impact on the production cost of 
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DCL fuel. Shenhua’s reported DCL process design, which gives an estimated selling price of $24 
per barrel of fuel, does not include solids separation, and the mix of catalyst, ash, and residuals is 
gasified without any recycle (Fletcher et al., 2004). By contrast, HTI estimated $32 per barrel of 
fuel using residual recycle to extinction and catalyst containment in an ebullated bed (Comolli et 
al., 1996). Because Shenhua based the SH-I plant on HTI’s CTSL design, the two processes 
should be fairly comparable apart from the recycle stream and the choice of catalyst. Further 
work in the areas of solids separation and recycle is apparently required before the benefits of 
higher distillate yield can offset the expenses of increased capital costs and process complexity. 
 
 Optimizing Refinery Processes for Coal-Derived Liquids 
 
 In traditional crude oil refining, up-front distillation yields various liquid fractions that can 
be most efficiently processed in their separate forms. For instance, crude oil can be fractionated 
into several cuts including gasoline, diesel, and vacuum gas oil (VGO). Gasoline is generally 
reformed over platinum at high temperature and low pressure to increase isomerization and, 
therefore, octane. Diesel is hydrotreated over supported CoMo or NiMo at lower temperatures 
and higher pressures to remove sulfur and nitrogen, but it is not usually isomerized because this 
lowers cetane. VGO can be converted by fluid catalytic cracking (FCC) to a feedstock that can 
be further upgraded to gasoline or it can be hydrocracked to yield diesel. 
 
 In older coal liquefaction processes such as the H-Coal process, the concentrations of 
sulfur and nitrogen were prohibitively high (Probstein and Hicks, 1982; Comolli et al., 1995). 
This problem has been largely addressed in newer designs such as the CTSL process, which has 
been shown to give fairly low sulfur and nitrogen concentrations even without hydrotreatment 
(Comolli et al., 1995). Although the CTSL design gives much lower heteroatom content than 
older processes, the products are not suitable for use as transportation fuels. The gasoline cuts 
from the PDU at Lawrenceville had octane ratings in the 60s (Comolli et al., 1995), much lower 
than typical octane ratings of 87 or better. Typical diesel products from Lawrenceville had 
similarly poor cetane numbers of 40 or less. Significant upgrading would be required to make 
either stream suitable for use as transportation fuel. 
 
 There is some concern that coal-derived liquids cannot be treated using the catalysts used 
for petroleum liquids. Numerous studies have shown that existing commercial hydrotreating 
catalysts are not sufficiently effective at hydrodenitrification (HDN), hydrodesulfurization 
(HDS), and hydrodeoxygenation (HDO) of coal-derived naphthas (Liaw et al., 1994, 1997). 
Progress toward development of more active DCL hydrotreating catalysts has been reported only 
on the bench scale, and the catalysts are reported to be prohibitively expensive for hydrotreating 
(Liaw et al., 1997).  
 
 As stated previously, the CTSL process gives sufficiently low nitrogen and sulfur in the 
fuel product that downstream HDN and HDS are not the concern they once were, but the need to 
upgrade the products to high-octane and high-cetane fuels remains. Headwaters claims that a 
gasoline with greater than 100 octane could be made by direct liquefaction, but does not claim 
diesel with a cetane above 47 (Lepinski, 2008). It is possible that catalysts intended to upgrade 
diesel will perform as poorly as catalysts designed for HDN and HDS. 
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 If upgrading is not a straightforward process for DCL fuels, new refinery configurations or 
new catalysts will be needed to use products for transportation fuel. Consideration must be given 
as always to the effect on capital cost. Ideally, any upgrading process will involve the simplest 
and smallest number of reactors as possible. Results from the Shenhua plant will determine what 
research, if any, remains to be done in DCL fuel upgrading. 
 
 
OVERVIEW OF CHINA’S CURRENT DCL PROJECT – SHENHUA (Fletcher et al., 
2004; Sun, 2008) 
 
 Although funding for DCL research and development efforts is very difficult to find, the 
concept of directly liquefying coal has not disappeared. Currently, the Shenhua Group 
Corporation of China (a government-controlled coal producer) is developing and implementing 
DCL efforts in an attempt to better utilize China’s vast coal resources. The construction of a 
commercial DCL plant, located 80 miles south of Baotou, at Majiata, Inner Mongolia, began in 
2004 and is nearing completion. This is the first commercial DCL plant in the world, with a total 
production capacity of 24,000 barrels per day. The estimated capital cost of the plant is 
$1.5 billion USD for the first phase, which includes a total of three reactor trains. The second 
phase of the project will add seven additional reactor trains for an overall project cost exceeding 
$5 billion USD. The Shenhua coal liquefaction process, shown in Figure 1, will initially process 
approximately 1.6 million tons of subbituminous coal annually. The estimated output products 
for the first phase of the project, in tons per year, are diesel fuel (591,900), naphtha (174,500), 
liquefied petroleum gas (LPG) (70,500), and liquid ammonia (8300) (Fletcher et al., 2004).  
 
 

 
 

Figure 1. Shenhua coal liquefaction process (Fletcher et al., 2004).  
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 The Shenhua process is an integration of American, German, and Japanese technologies as 
well as Shenhua’s innovations. The process utilizes an inexpensive and highly reactive catalyst, 
relatively low temperatures and pressures, and has a high reaction efficiency of over 90% (Sun, 
2008). The process is also capable of utilizing high sulfur and highly reactive coals. The 
estimated break-even cost of the liquid fuels produced by the first phase of the plant is currently 
equated to a crude oil price between $35 and $40 per barrel (Sun, 2008). This price does not 
include costs or revenues derived from the capture and disposal or sale of carbon dioxide streams 
from the plant. The carbon dioxide that is expected from the plant on a yearly basis is 
approximately 3.6 million tons, of which, 3.1 million tons of high-purity CO2 is captured from 
the hydrogen-making process and the rest comes from heating, flares, and power generation 
(Sun, 2008). Shenhua is currently evaluating options for sequestration, which include enhanced 
oil recovery operations, injection into unminable coal seams, and injection into deep saline 
aquifers. 
 
 
CONCEPTUAL COST ANALYSIS 
 
 Conceptual cost data obtained from the literature showed that DCL products ranged from 
as low as $25.54 per barrel of crude oil equivalent up to as high as $140 per barrel of crude oil 
equivalent. Costs per barrel of crude oil equivalent, in 2009 dollars, for various DCL processes 
are shown in Figure 2. For comparison, the average cost of petroleum crude oil in 2008 was 
$93.05 (Energy Information Administration, 2009b) and is shown as the top, dashed line in the 
figure. The average selling price of WTI crude oil in 2009 is projected as $42.00 (Energy 
Information Administration, 2009a) and is also shown in the figure as the bottom dashed line.  
 
  

 
 

Figure 2. Cost per barrel of crude oil equivalent for various DCL processes. 
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 The DCL price estimates support the concept that an operational DCL facility could be 
economically viable. Shenhua I and II, most notably, have the potential to produce liquid 
products that are less expensive than their petroleum counterpart. Using the 2009 estimate for the 
selling price of petroleum crude oil, it is expected that a DCL facility must keep the cost of a 
barrel of crude oil equivalent below $42.00. As Figure 2 shows, there are DCL processes that are 
capable of doing so, and these data support the notion that government incentives would not be 
required to keep an operational DCL facility profitable. Such incentives would more likely be 
required to attract and encourage initial investors who are faced with large up-front capital costs 
and the technological risks that are associated with building a first-of-a-kind processing plant. 
 
 
CO2 COMPARISON BETWEEN DIRECT AND INDIRECT LIQUEFACTION 
 
 Introduction 
 
 The atomic ratio of hydrogen to carbon (H/C) in various ranks of coal ranges from 0.8 to 
1.1. Since this ratio in typical liquid fuels is around two, a coal liquefaction process must either 
add hydrogen or remove carbon. As two routes can be used to change the H/C ratio, two distinct 
coal liquefaction processes have been developed to varying degrees in the past century. ICL 
takes the route of carbon removal, which manifests itself as carbon dioxide emissions during coal 
gasification and synthesis gas shifting to the required H/C ratio of two. FT synthesis then 
converts the syngas into hydrocarbon liquids. DCL, on the other hand, takes the route of adding 
hydrogen to coal. The hydrogenation of coal makes a partially refined synthetic crude oil, which 
has an H/C ratio of approximately 1.6. The synthetic crude is further refined via more 
hydrogenation reactions to increase the hydrogen-to-carbon ratio to two. 
 
 At first glance, it would appear that DCL has a rather large advantage over ICL, regarding 
the minimization of CO2 emissions, as the main tactic of ICL is to remove carbon from coal. 
However, the free hydrogen that is required for the DCL reactions is a resource that is not easily 
obtained. In fact, hydrogen is most economically generated from hydrocarbon sources, which 
inevitably leads to more CO2 emissions. 
 
 This section attempts to compare the CO2 emissions between the ICL and DCL processes. 
During the course of this research, it was found that the most straightforward method to compare 
the two very different processes was to do a carbon balance around each one. The ICL process is 
an established and commercially demonstrated technology, so data were readily available in the 
literature for conducting carbon balances. Alternatively, the DCL process is currently not 
commercially practiced, although Shenhua is preparing to start up a new commercial facility in 
China. Therefore, consistent process data are much more difficult to find for DCL processes. 
Several research papers based on laboratory- and bench-scale testing were used to estimate 
hydrogen consumption rates and potential CO2 emissions for a DCL process. 
 
 ICL and DCL Process Summaries 
 
 The first major step of an ICL process is coal gasification into synthesis gas. When heat 
and pressure are applied, coal is pyrolyzed to form hydrogen, tars, light hydrocarbons, and char. 



 

21 

The char is subjected to several gasification reactions (Table 1) in the presence of steam and a 
limited amount of oxygen. The char is either partially or completely oxidized to form CO, CO2, 
and heat, which then drive secondary gasification reactions to produce more H2, CO, CO2, and 
CH4. The final composition of the synthesis gas is dependent on the composition of the coal, the 
gasifier type, and the operating conditions. For most coal gasifiers, the syngas ratio of hydrogen 
to carbon monoxide is approximately one. 
 
 Before the synthesis gas can be converted into liquid hydrocarbons, it must be cleaned to 
remove any potential impurities such as hydrogen sulfide and ammonia, which can poison 
catalysts used in downstream processes. After cleaning, the syngas composition is modified by 
the water–gas shift reaction in order to increase the hydrogen-to-carbon monoxide ratio to two. 
Carbon dioxide is produced as a result of the shift reaction. 
 
 The cleaned and shifted syngas can now be converted into liquid hydrocarbons by the FT 
synthesis reaction. The FT reaction can be imagined as a polymeric chain-building mechanism. 
A certain number of carbon monoxide molecules react with twice as many hydrogen molecules 
to form a hydrocarbon chain and water. The probability of chain termination, which is dependent 
on catalyst and process conditions, determines the composition of the products. The product 
range can vary from methane and light gases up to very long, waxy hydrocarbons of C50 and 
greater. This simplistic reaction mechanism describes the formation of straight-chain alkanes, but 
other products such as alkenes, alcohols, and isomers are also observed. The overall FT reaction 
can be represented simply as: 
 

nCO + 2nH2 ↔ (1/n)CnH2n + nH2O 
 

 Finally, the FT products must be upgraded and separated into fungible fuels such as 
gasoline or diesel. The hydrocarbon products must be dehydrated to remove water, the 
oxygenates must be removed or converted, heavy waxes need to be cracked into liquids, and 
straight hydrocarbon chains need to be isomerized into branched hydrocarbons. 
 
 In DCL processes, the coal is pulverized and mixed into slurry with recycled liquid 
hydrocarbons and an appropriate catalyst. The slurry is hydrogenated into a synthetic crude oil, 
which increases the H/C ratio to approximately 1.6 (Berger et al., 1994). The hydrogen also 
reacts with several undesirable elements in the coal such as oxygen, sulfur, and nitrogen, whose 
by-products are then removed. A wide distribution of liquid hydrocarbons is produced, 
 
 

  Table 1. Major Gasification Reactions 
Reaction Description Heat of Reaction 
C + O2 = CO2 Complete oxidation Highly exothermic 
C + ½ O2 = CO Partial oxidation Exothermic 
C + H2O = CO + H2 Steam gasification Highly endothermic 
C + 2H2 = CH4 Hydrogasification Exothermic 
C + CO2 = 2CO Boudouard reaction Endothermic 
CO + H2O = CO2 + H2 Water–gas shift Exothermic 
CO + 3H2 = CH4 + H2O Methanation Highly exothermic 
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but very little carbon is lost as CO2 during the liquefaction stage. The liquefaction products are 
separated. Unconverted hydrogen and heavy oils are recycled. The synthetic crude must be 
further hydrogenated in order to raise the H/C ratio to two. Different fractions of the hydrotreated 
fuel may be further processed by cracking or reforming. The overall liquefaction reaction can be 
represented simply as:    
  

nC + (n+1)H2 ↔ CnH2n+2 

 
 The hydrogen required for liquefaction and fuel hydrogenation must be generated. Many 
different methods of hydrogen production exist and include the electrolysis of water, 
biophotolysis, coal/biomass gasification, and steam reforming of natural gas. Water splitting via 
energy generated from solar or wind offers a potential hydrogen source with little to no 
additional CO2 production. Currently, steam reforming of natural gas is the most economical 
source and is the preferred method for production at the industrial scale.  Hydrogen from coal 
gasification doubles the CO2 production over steam methane reforming (U.S. Department of 
Energy Office of Science, 2004). 
 
 In most of the processing steps described above, a small amount of methane and other light 
hydrocarbon gases are produced. Manufactures strive to eliminate these products as much as 
possible as they are of low value, but the light gases are typically combusted to generate 
electricity. The combustion of light hydrocarbons is, of course, another source of carbon dioxide. 
In the case of methane reforming, the light hydrocarbons could be recycled back to the reformer. 
This would essentially recover the hydrogen, and the amount of CO2 produced would be 
determined by the efficiency of the reformer. 
 
 Carbon Balances 
 
 The basis for the carbon balances around each process is 100 moles of carbon fed to the 
system, which can come from multiple sources. It is acknowledged that additional carbon can be 
consumed, and CO2 emitted, for the generation of energy for such uses as the mining and 
transportation of coal, factory lighting, steam generation, heat, and other typical items in factory 
overhead that consume energy. These factors have been ignored in this study, as they are 
assumed to be roughly similar for each commercial-scale facility.  
 
 ICL 
 
 A thorough study was sponsored by the DOE National Energy Technology Laboratory 
(NETL), which modeled a commercial-scale FT liquids production facility (Van Bibber et al., 
2007). The facility was envisioned to be located in the Illinois Basin and would produce 
50,000 barrels of fuel per day from 24,500 tons of bituminous coal. The amount of carbon in the 
coal fed to the system, which was approximately 71%, was traced throughout the process. 
Ultimately, the carbon left the production facility either captured as liquid fuel or vented as 
carbon dioxide. 
 
 For this particular entrained-flow gasifier, 25 mol% of the carbon is converted to carbon 
dioxide (Figure 1). The syngas’s hydrogen-to-carbon monoxide ratio is only 0.7, however. 
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Water–gas shift will increase the ratio to two, but an additional 35% more carbon is lost to CO2. 
All light hydrocarbon gases and unconverted carbon monoxide are combusted to generate heat or 
electricity, which converts another 7% of the carbon into CO2. In total, 66% of the feed carbon is 
lost to the atmosphere as CO2.  The remaining 34% is captured in usable fuels. 
 
 Since different gasifier designs can produce significantly varying syngas compositions, 
another model was analyzed that is based on a transport gasifier. The coal feed was lignite. In 
this model, considerably more CO2 was produced by the gasifier (43.3%), but the hydrogen-to-
carbon monoxide ratio was also much higher at 1.1. Therefore, less CO2 was generated at the 
water–gas shift step (16.5%). Although reliable data for light hydrocarbon gases were 
unavailable, the percentage of carbon lost as CO2 from gasification and water–gas shift from 
both examples are nearly identical. 
 
 DCL 
 
 In the direct liquefaction papers reviewed (Berger et al., 1994; Comolli et al., 1999; Burke 
et al., 2001; Kellogg Company, 1991; Williams, 2003), process parameters and research results 
vary to some degree, but the necessary approximations and assumptions can be gleaned for a 
general comparison to ICL. For instance, coal conversion rates were around 90–95 wt% on a 
MAF feed basis, which varied by the type of coal, process parameters, and catalyst. Hydrogen 
consumption during the liquefaction steps was around 5–8 wt% MAF, and the composition of 
the hydrocarbon products was similar. CO2 production during liquefaction was relatively low at 
around 1 wt% MAF.  Similar to ICL, it was assumed that any light gases such as methane are 
combusted to generate heat and electricity. The papers cited between 6 and 15 wt% MAF of light 
gas production from C1–C4. 
 
 The difficulty in estimating the total CO2 production from DCL stems from hydrogen 
production. Unless hydrogen is produced from some carbon-free source, such as the electrolysis 
of water from wind or solar-generated electricity, some additional CO2 will be emitted. The most 
economical source of hydrogen is from methane reforming, but natural gas is scarce in some 
locations. The Shenhua coal liquefaction facility in China generates hydrogen from coal 
gasification (Zhang, 2007).  
 
 Figure 3 shows a process flow diagram with the major steps of ICL and DCL that have 
been discussed. The contribution of CO2 emissions for each step are shown and labeled as molar 
percentages of the carbon feed that is lost. For example, in the ICL gasification step, 25% of the 
carbon in the feed stream can be lost as CO2. CO2 that is generated from the combustion of light 
gases is represented by emissions from the fuel upgrade block near the end of each process. It 
should be noted that the CO2 emissions from hydrogen production for the DCL process are 
variable. 
 
 DCL – Hydrogen from Coal Gasification 
 
 In order to generate the required amount of hydrogen for DCL from coal gasification, the 
coal feed is split into two streams. One stream is liquefied directly, while the other is gasified to 
produce syngas. The syngas is then shifted so that nearly 100% of the carbon monoxide is 
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Figure 3.  ICL and DCL comparison with main sources of CO2 emissions as a molar percentage 
of total carbon feed. 

 
 

consumed via the water–gas shift reaction to generate hydrogen and carbon dioxide. Using the 
gasification data from the ICL example, to make the required amount of hydrogen for coal 
liquefaction and fuel upgrading, approximately 40% of the carbon feed must be gasified. 
 
 As a result, 10% of the total carbon feed is lost as CO2 during gasification, and 29% is lost 
in the water–gas shift. Very little CO2 is produced during liquefaction, and about 11% is emitted 
when light gases are combusted to produce heat and electricity. In total, roughly 50 molar % of 
the carbon is lost to CO2, which is a marginal improvement over the 66% from ICL. This is 
shown graphically in Figure 4.  
 
 DCL – Hydrogen from Methane Autothermal Reforming 
 
 Methane from natural gas is a much more carbon-efficient source of hydrogen since the 
hydrogen-to-carbon ratio is four. Slightly less hydrogen is generated than is available, however, 
since the reforming reaction is endothermic and some of the methane is oxidized to generate the 
required amount of heat. The methane autothermal reforming reaction can be summarized as 
follows: 
 

2CH4 + O2 + 3H2O ↔ 7H2 + 2CO2 
 

For every mole of methane consumed, about 3.5 moles of hydrogen is generated and 
1 mole of CO2 is emitted. 

 
As in the example of hydrogen generation from coal gasification, the total carbon feed is 

split into two streams. In this case, shown in Figure 5, the carbon for hydrogen generation will 
come solely from methane. Since methane is a more abundant source of hydrogen than coal, the 
fraction of carbon used to generate the required amount of hydrogen for liquefaction is only 
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Figure 4.  CO2 emissions from a DCL process with hydrogen produced from a fraction of the 

coal feed that is gasified. 
 
 

 
 
Figure 5.  CO2 emissions from a DCL process with hydrogen produced from methane reforming. 
 
 
20%, where 19% of the total carbon is lost as CO2 during the autothermal reforming step, and a 
very small percentage of the carbon is lost during coal liquefaction. Instead of oxidizing the light 
gases produced throughout this process, they could be recycled back to the readily available 
autothermal reformer to recover the hydrogen. This is reflected as large decline in CO2 
production of the fuel upgrade process block. Total CO2 emissions have been reduced to only 
20 mol% of the total carbon feed, which is a significant improvement of ICL and DCL with 
hydrogen from coal gasification.  
 
 CO2 Comparison Conclusions 
 
 ICL converts coal into hydrocarbon fuels. ICL uses the tactic of removing carbon, which 
manifests as CO2 emissions, to increase the hydrogen-to-carbon ratio of coal from 0.8 to 2.0. 
DCL also converts coal into hydrocarbon fuels. However, DCL uses an alternative mechanism to 
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increase the hydrogen-to-carbon ratio of the coal. Instead of removing carbon, the DCL 
mechanism adds hydrogen. As a result, very little CO2 is produced during the DCL liquefaction 
step. However, additional CO2 is likely to be produced during the generation of the free 
hydrogen required for DCL, whose amount greatly depends on the method of hydrogen 
generation.  Hydrogen can potentially be produced without CO2 production, for example, if 
wind- or solar-powered water electrolysis is utilized to generate DCL’s hydrogen needs. 
However, it is more likely that the hydrogen will be generated from hydrocarbon sources such as 
coal or natural gas. 
  
 Based on molar carbon balances, DCL can be a much more carbon efficient process than 
ICL. In the ICL case study, it was found that 66 mol% of the carbon in the coal is lost as CO2. 
These emissions can be reduced to 50% by using a direct liquefaction process where a portion of 
the coal feed is gasified to produce hydrogen. Further CO2 emission reductions are realized when 
methane reforming is utilized as the source of hydrogen. In this case, only 20% of the carbon is 
lost in the form of CO2 emissions. Utilizing a CO2-free source of hydrogen, such as wind- or 
solar-powered water electrolysis, would result in a DCL process that only loses about 11% of the 
carbon in the coal to CO2 emissions. 
 
 
SUMMARY 
 
 Directly converting coal into liquid fuels is not a novel concept and was demonstrated at a 
large scale during World War II. Much research has been conducted in this area during the past 
century. This paper reviewed the work that has been conducted previously in the area of DCL 
research and demonstration. The current Shenhua DCL project was discussed. The most 
pertinent technical challenges that remain with DCL were identified and all revolved around 
lowering the capital cost of building such a facility. Emission calculations showed that a DCL 
facility releases fewer CO2 emissions than an indirect facility. The CO2 reduction benefit is 
highly dependent on the DCL facility’s hydrogen source. Depending on if the hydrogen comes 
from coal, natural gas, or CO2-free sources, a DCL process emits 16%, 46%, and 55%, 
respectively, less CO2 than an indirect process.  
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COST PER EQUIVALENT BARREL OF CRUDE OIL FOR VARIOUS DIRECT COAL 
LIQUEFACTION PROCESSES 

 
 

 
Process 

2009 $ per Equivalent 
Barrel of Crude Oil 

 
Source 

H-Coal $93.82 A.1 
Catalytic Two-Stage  
   Liquefaction (CTSL) 

$140.16 A.1 

CTSL w/Bottoms Recycle $78.32 A.1 
Lummus ITSL $69.35 A.2 
244-B ITSL (Wilsonville) $68.46 A.2 
250-D CC-RITSL $58.86 A.2 
250-G-RAR (Wilsonville) $57.42 A.2 
H-Coal $80.24 A.3 
ITSL $49.67 A.3 
CMSL $40.76 A.3 
Direct $44.55 A.4 
H-Coal (coal) $81.25 A.1 
ITSL (coal) $49.43 A.1 
CMSL (coal) $40.48 A.1 
CMSL (natural gas) $40.71 A.1 
SH-I $31.22 A.5 
SH-II $25.54 A.5 
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