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reflect those of the United States Government or any agency thereof.”
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Abstract

The novel molten carbonate fuel cell design described in this report uses porous bed elec-
trodes. Molten carbonate, with carbon fuel particles and oxidizer entrained, is circulated
through the electrodes.

Carbon may be reacted directly, without gasification, in a molten carbonate fuel cell.
The cathode reaction is 2CO2 + O2 + 4e− → 2CO=

3 , while the anode reaction can be either
C + 2CO=

3 → 3CO2 + 4e− or 2C + CO=
3 → 3CO + 2e−. The direct carbon fuel cell has an

advantage over fuel cells using coal-derived synthesis gas in that it provides better overall
efficiency and reduces equipment requirements. Also, the liquid electrolyte provides a means
for transporting the solid carbon. The porous bed cell makes use of this carbon transport
ability of the molten salt electrolyte.

A one-dimensional model has been developed for predicting the performance of this cell.
For the cathode, dependent variables are superficial O2 and CO2 fluxes in the gas phase,
superficial O2 and CO2 fluxes in the liquid phase, superficial current density through the
electrolyte, and electrolyte potential. The variables are related by correlations, from the
literature, for gas-liquid mass transfer, liquid-solid mass transfer, cathode current density,
electrode overpotential, and resistivity of a liquid with entrained gas. For the anode, depen-
dent variables are superficial CO2 flux in the gas phase, superficial CO2 flux in the liquid
phase, superficial C flux, superficial current density through the electrolyte, and electrolyte
potential. The same types of correlations relate the variables as in the cathode, with the
addition of a correlation for resistivity of a fluidized bed. CO production is not considered,
and axial dispersion is neglected.

The model shows behavior typical of porous bed electrodes used in electrochemical
processes. Efficiency is comparable to that of membrane electrode fuel cells. Effective bed
depths are on the order of 1-5 centimeter, giving power/volume lower than for membrane
electrode cells. The porous bed design, however, uses less expensive materials and is more
resistant to fouling by coal impurities.

The model will be used in the second phase of the project to design a laboratory-scale
prototype cell. The prototype cell will demonstrate the concept and provide experimental
data for improving the model.
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Nomenclature

Roman Letters

A
′′′

area per unit volume m−1

x bed depth m

D molecular diffusivity of solute m2 s−1

dC diameter of the carbon particle m

Dh diameter of the hole within packing m

dp packing diameter of the bed m

∆P/∆Z pressure gradient within the reactor bed N m−3

d
′

p specific surface diameter m

E rate of energy dissipation per unit mass of fluid m2 s−3

F Faraday’s constant ( = 96487 ) Coulombs/gmol e−

f friction factor

Fr Froude number

G Gibb’s Energy

g acceleration of gravity ( = 9.81 ) m s−2

H Henry’s Law constant kmol m−3 kPa−1

Hb height of the bed m

hb interspacing between the packing m

h hold-up

i current density Amps m−2

k,K mass transfer coefficient m s−1

Ksalt salt conductivity Ω m

Lb length of the bed m

M molecular weight kg kmol−1

npart carbon moles per particle

Ṅ
′′

particle flux

Nhole number of holes in the packing

ṅ
′′

i,p,r mole flux of solute i in phase p of the packed bed

reactor, r

kmol m−2 sec−1

N
′′′

particle per unit volume

OA open area of the packing

P pressure, partial pressure kPa

Patm atmospheric pressure ( = 101.325 ) kPa
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R Ohmic Resistance Ω

R̄ universal gas constant ( = 8.3144 ) kJ kmol−1 K−1

Re Reynolds number

Re Reynolds number based on dissipation

Sc Schmidt number

Sh Sherwood number

S surface area of the packing bed m2

T cell temperature K

t thickness of the packing m

U true velocity ms−1

U0 superficial velocity m s−1

V voltage Volts

Vcell cell voltage Volts

Voc open-circuit voltage Volts

Vp volume of the packing bed m3

Wb width of the bed m

Greek Letters

α charge transfer coefficient

αs volume fraction carbon

β voltage distribution factor

δ thickness of the liquid layer on the packing m

η chemical overpotential Volts

γ overfeed

ν kinematic viscosity m2 s−1

φc Carman surface factor

ρ density kg m−3

ρ̄ molar density kmol m−3

ζ volume fraction of electrode

Subscripts

a anode

b bubble

C carbon

vii



c cathode

G gas phase

i solute

init initial

LG liquid and gas phases flowing simultaneously and

concurrently

L liquid phase

LS liquid and solid phases together

rev reversible

S solid phase

s surface
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1 Introduction

Electrochemical conversion of coal has been considered for more than 100 years. Most cur-

rent fuel cell research is directed toward hydrogen (or other gas) fueled cells, but there has

recently been a renewed interest in cells fueled with solid carbon.

The major motivation for recent work with direct carbon cells has been higher theoretical

energy efficiency compared to thermal conversion processes [1]. Despite the difficulties in-

herent in building a solid-fed fuel cell, a direct carbon fuel cell offers distinct thermodynamic

advantages over other options for utility-scale power generation. Steinberg et al [2] projected

overall first-law efficiencies (based on higher heating value) of 68% for power plants using

direct carbon fuel cells, as compared 50% for gasification combined cycle plants and 38% for

conventional Rankine-cycle plants. Projected capital costs for the three types of plants were

equal.

The two main candidates for direct carbon fuel cells are solid oxide and molten carbonate

cells. The molten carbonate cell appears the more attractive of the two because it is easier to

feed a solid fuel to a liquid electrolyte than to a solid electrolyte and because molten carbon-

ate cells produce relatively more CO2 relative to CO. During 1970s, the workers at Stanford

Research Institute investigated direct-carbon molten carbonate cells [3] and concluded that

molten carbonate fuel cells produce more CO2 (as opposed to CO) than predicted by ther-

modynamic equilibrium. Although the reasons for the higher CO2 levels are not understood,

they will allow operation at high temperatures which give high reaction rates but also give

high equilibrium CO.

Various researchers have proposed designs based on direct carbon concepts. Some used

solid oxide electrolytes: Gür and Huggins [4] heated carbon to vaporize it so that it could

react on a solid oxide, while Horita et al [5] built a cell in which carbon powder was mixed

with carbide powder in contact with solid oxide. Others used molten carbonates: Weaver et

al [3] proposed a plant in which coal would be formed into solid anodes and fed into a molten

carbonate melt. Cooper [6] and his co-workers supplied a paste of carbon fuel granules in a

molten salt to the anode grid of a molten carbonate cell. Vutetakis et al [7] oxidized slurries

of coal in molten carbonate melts.

This report summarizes the initial phase of the investigation done on the feasibility of a

novel direct carbon molten carbonate fuel cell. The report describes the mass transfer and
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electrochemical analyses inside the cathode and anode. It is based on the preliminary cell

design shown in figure 1.
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Figure 1: Schematic of the Packed Bed Direct Carbon Molten Carbonate Fuel Cell

The cell investigated here is based largely on the work of Vutetakis et al, but it also has

roots in those industrial electrolysis technologies which use porous bed electrodes [8]. As

shown schematically in figure 1, both the anode and the cathode are electrically connected

porous beds. Molten carbonate salt, with particles of carbon entrained, is pumped down-

ward through the anode bed. It reacts with CO=
3 ions diffusing from the cathode to form

CO and CO2 while sending electrons to the load. Downward velocity of the salt is adequate

to ensure that both carbon and evolved gases move downwards. Salt, evolved gases, and

overfed carbon exit the bottom of the anode and gases are separated from the liquid/solid

slurry. The slurry is enriched with more carbon and recirculated through the anode, while

the evolved gases are used to supply CO2 to the cathode.

Because this cell has a continuous flow of salt through the anode, fuel contaminants will

be carried off with the flow. They can then be removed by a sidestream treatment plant

such as that described by Weaver et al [9]. Unlike porous-membrane fuel cells, the porous
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bed cell can be effectively scaled up to large size, so that a utility-scale plant could be made

of a relative small number of large cells. The technology is more akin to that of an electro-

chemical plant than to that of a storage battery.

An overall fuel cell mass/energy balance on the cell and its auxiliaries was presented by

the authors in [10], a reprint of which has been included as Appendix E. The arrangement

of burner and heat exchangers considered as balance-of-plant for this analysis shown in

figure 2. The most important finding in the mass/energy balance analysis of the cell was

that the CO/CO2 ratio is an important parameter for determining cell performance. Another

finding was that temperature, if decoupled from CO/CO2 ratio, has a relatively small effect

on first law efficiency. The most important effects of temperature will likely be those on

reaction rates, on materials requirements, and on air preheater size.

 Cell 
W Out 

 

2 

 

C In 

1 

C at 
Cell T 

QAN 

8 
O2 N2 
CO2 at 
Cell T 

QCA 

3 
O2 CO2 N2 

from Cathode 
9 

CO CO2 from 
Anode 

7 

Q
H

X
2
 

O2 N2 CO2 from  
Waste Heat Exchanger 

6 O2 N2 CO2  
from Burner 

QHX1 

Preheated O2 N2 

5 

10 

O2 CO2 N2 

Exhaust 

4 

O2 N2 In 

Figure 2: Balance of Plant for the Direct Carbon Molten Carbonate Fuel Cell.
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2 Executive Summary

The novel molten carbonate fuel cell design described in this report uses porous bed elec-

trodes. The electrolyte used here, a ternary eutectic mixture of (Li-Na-K)2CO3, is entrained

with the carbon fuel particles and the oxidizer air and circulated through the packed bed

anode and cathode. The cathode reaction is 2CO2 + O2 + 4e− → 2CO=
3 , while the anode re-

action can be either C + 2CO=
3 → 3CO2 + 4e− or 2C + CO=

3 → 3CO + 2e− depending upon

the equilibrium. Carbon may be reacted directly, without gasification, in a molten carbonate

fuel cell. The direct carbon fuel cell has an advantage over fuel cells using coal-derived syn-

thesis gas in that it provides better overall efficiency and reduces equipment requirements.

Also, the liquid electrolyte provides a means for transporting the solid carbon. The porous

bed cell makes use of this carbon transport ability of the molten salt electrolyte.

An energy balance for the cell and its auxiliaries has been done during the initial phase

of this project. The design calls for the CO-CO2 mixture leaving the anode to be burned

to supply an O2-N2-CO2 mixture to the cathode. Two heat exchangers are employed: an

air preheater cooling the exhaust and a waste heat exchanger cooling the gases entering

the cathode. Results show that CO/CO2 ratio is the most important parameter for deter-

mining performance. Experiments by others have shown that CO2 concentrations exceed

those predicted by Boudouard equilibrium, and therefore a useful alternate model is clearly

necessary for good cell design and accurate prediction of cell performance. Temperature, if

decoupled from CO/CO2 ratio, has a relatively small effect on first law efficiency. Increasing

cell temperature generally increases work output slightly and also increases the value of the

waste heat. The most important effects of temperature will likely be those on reaction rates,

on materials requirements, and on air preheater size. For other conditions ideal, plant effi-

ciency varies from ∼ 90% for pure CO2 to ∼ 20% for pure CO. The main effect of decreasing

internal cell efficiency is to lower power output and increase waste heat rejection.

During the second phase of this project, a one-dimensional model has been developed for

predicting the performance of the cell as described above. The model equations are devel-

oped by considering a bubbly flow within the packed bed anode and cathode. Due to this

bubbly flow there is a mass transfer of gases like CO2, and O2 from the gas bubble phase

to the liquid phase and from liquid phase onto the surface of the current collector. For the

cathode, dependent variables are superficial O2 and CO2 fluxes in the gas phase, superficial

O2 and CO2 fluxes in the liquid phase, superficial current density through the electrolyte,

and electrolyte potential. The variables are related by correlations, from the literature, for
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gas-liquid mass transfer, liquid-solid mass transfer, cathode current density, electrode over-

potential, and resistivity of a liquid with entrained gas. For the anode, dependent variables

are superficial CO2 flux in the gas phase, superficial CO2 flux in the liquid phase, super-

ficial C flux, superficial current density through the electrolyte, and electrolyte potential.

The same types of correlations relate the variables as in the cathode, with the addition of

a correlation for resistivity of a fluidized bed. CO production is not considered, and axial

dispersion is neglected.

The model shows behavior typical of porous bed electrodes used in electrochemical

processes. Effective bed depths are on the order of one to five centimeter, giving an ef-

ficiency and energy/volume competitive with membrane electrode fuel cells while allowing

much higher output from a single cell. The model is now being used in the second phase of

the project to design a laboratory-scale prototype cell to demonstrate the concept.
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3 Chemical Kinetics and Mass Transfer Analysis

Analysis is based on the packed bed column design shown in figure 1. The equation set

for the mass transfer processes taking place within the packed bed is based on the work of

Herrmann and Emig [11]. Axial diffusion has not been considered, but is believed to be

negligible. The reactions taking place within the cell are:

At the anode:

C + 2CO=
3 → 3CO2 + 4e− (3.1)

2C + CO=
3 → 3CO + 2e− (3.2)

At the cathode:

O2 + 2CO2 + 4e− → 2CO=
3 (3.3)

The production of CO in the anode has been neglected because it is believed to be low and

because no model (besides chemical equilibrium, known to be inaccurate) for CO production

has been developed.

3.1 Upflow in Packed Bed Cathode

The reaction taking place at the cathode is:

O2 + 2CO2 + 4e− → 2CO=
3 (3.4)

The packed bed cathode has a structure that allows flow of gases and electrolyte while the

cathode structure remains electrically connected. The concept for cathode design is a stack

of screens or perforated plates, spaced and supported by vertical rods that double as elec-

tron conductors. The outer electrode vessel is in contact with the electrode plates and thus

forms part of the electrode, but its contribution to the reaction will be small and has been

neglected. The anode and cathode vessels are separated by an electrically insulated joint.

The molten salt electrolyte along with the CO2 and the air is pumped upward through the

cathode packed bed. The reaction of CO2 and O2 produces carbonate ion CO=
3 which travels

down by ionic conduction towards the anode. The gases CO2 and O2 diffuse through the

molten salt to reach the electrode reaction sites where the reaction takes place. There is

mass transfer of CO2 and O2 occurring from the gas bubble to the bulk electrolyte and mass

transfer of CO2 and O2 from the bulk electrolyte to the electrode surface.

The model for the cathode is written with distance into the cathode as independent vari-

able and with six dependent variables: molar CO2 fluxes in the gas and liquid phases, molar
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O2 fluxes in the gas and liquid phases, CO=
3 current density, and voltage. Figure 3 shows

how the dependent variables and independent variables are setup within the cathode. The

Gas
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(Current Collector) 

O2 N2

CO2

O2 CO2

X  Bed

O2 N2

CO2

O2 CO2

O2 CO2

I-

I

O2 CO2

I-

Figure 3: Cathode Model showing the Dependent and Independent Variables.

following sections present the differential equation set for these variables and the correlations

used in the differential equations. The correlations are also presented in Table 2.

3.1.1 Modeling Cathode Packed Bed through linear ODE’s

The cathode model consists of six simultaneous first-order ordinary differential equations.

CO2 and O2 in gas phase:

dṅ
′′

co2,g,c

dxc

= −Kco2,g−ℓ,cA
′′′

b,c

(

R̄T

Hco2

ρ̄co2,g,c − ρ̄co2,ℓ,c

)

(3.5)

dṅ
′′

o2,g,c

dxc

= −Ko2,g−ℓ,cA
′′′

b,c

(

R̄T

Ho2

ρ̄o2,g,c − ρ̄o2,ℓ,c

)

(3.6)

CO2 and O2 in liquid phase:

dṅ
′′

co2,ℓ,c

dxc

= Kco2,g−ℓ,cA
′′′

b,c

(

R̄T

Hco2

ρ̄co2,g,c − ρ̄co2,ℓ,c

)

−
(

A
′′′

s,ci
′′

s,c

2F

)

(3.7)

dṅ
′′

o2,ℓ,c

dxc

= Ko2,g−ℓ,cA
′′′

b,c

(

R̄T

Ho2

ρ̄o2,g,c − ρ̄o2,ℓ,c

)

−
(

A
′′′

s,ci
′′

s,c

4F

)

(3.8)

∆V in molten salt:
dVc

dxc

= −i
′′

cRc (3.9)
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Ionic current flux perpendicular to face of bed:

di
′′

c

dxc

= i
′′

s,cA
′′′

s,c (3.10)

3.1.2 Initial Conditions for ODE’s

If we consider an initial current density of i
′′

0 which is fed to both anode and cathode at the

starting of the bed, and γco2
and γo2

be the respective overfeed factors for CO2 and O2 then

the initial conditions for mole fluxes of CO2 and O2 in the cathode gas phase are:

ṅ
′′

co2,g,c(0) = γco2
· i

′′

0

2F
(3.11)

ṅ
′′

o2,g,c(0) = γo2
· i

′′

0

4F
(3.12)

The initial conditions for dissolved gas mole flux in the liquid phase are based on the

liquid salt superficial velocity and the assumption that the salt is saturated with gases at

the appropriate partial pressures:

ṅ
′′

co2,ℓ,c(0) =

[

ṅ
′′

co2,g,c(0)

ṅ′′

co2,g,c(0) + ṅ′′

o2,g,c(0)

]

PatmHco2
U0L,c (3.13)

ṅ
′′

o2,ℓ,c(0) =

[

ṅ
′′

o2,g,c(0)

ṅ′′

co2,g,c(0) + ṅ′′

o2,g,c(0)

]

PatmHo2
U0L,c (3.14)

The initial condition for voltage is based on an assumed division of available chemical

potential between the anode and the cathode:

Vc(0) = (1 − β) · (Voc − Vcell) (3.15)

The initial condition for ionic current flux is the cell current density based on face area:

i
′′

c (0) = i
′′

0 (3.16)

3.1.3 Mass Transfer Equations for Packed Bed Cathode

The correlations to determine gas, liquid and solid side mass transfer coefficients for the

upflow in the packed bed cathode are tabulated in Table 1.

The area for gas-liquid mass transfer is included as part of those correlations and is
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calculated in appendix A. The superficial velocities used in the correlations are all in m/sec.

U0L, the molten salt superficial velocity, is an input parameter and can be set to any feasible

value within the range specified by the correlation. U0G is determined from gas flux and

ideal gas density,

U0G =
(

ṅ
′′

co2,g,c + 4.76 ṅ
′′

o2,g,c + ṅ
′′

n2,g,c(0)
) R̄T

Patm

(3.17)

where the molar fluxes of CO2 (ṅ
′′

co2,g,c) and O2 (ṅ
′′

o2,g,c) in the gas phase, are determined

from the solution of the differential equations and the initial molar flux of N2 (ṅ
′′

n2,g,c(0)) is

found out from the initial conditions.

The net Gas-Liquid Mass Transfer Coefficient is obtained by combining gas-side coeffi-

cients, liquid-side coefficients, and Henrys Law constants,

Ki,g−ℓ,cA
′′′

b,i,c =
1

(

1/kLA
′′′

b + 1/kGA
′′′

b

) (3.18)

The Gas-Liquid Mass Transfer Coefficients for each gas, (Kco2,g−ℓ,c A
′′′

b,co2,c) and (Ko2,g−ℓ,cA
′′′

b,o2,c)

for CO2 and O2 respectively, can then be found easily from the individual gas properties.

The Liquid-solid Mass Transfer coefficient in the cathode can be determined from the

Sherwood number in Table 1 using

Ks =
Sh D

de/2
(3.19)

Here D is the molecular diffusivity of the solute (CO2 or O2) in the molten salt.

According to the Bruggeman equation in [16], the resistivity of a bed of mixed materials

depends on the resistivity of both materials. In the case of the cathode bed, however, the

conductivity of the gas phase is negligible relative to that of the molten salt. While the solid

cathode bed material is electronically conductive, it has no ionic conductivity. This gives

us the simplified version of the Bruggeman equation in Table 1. In the correlation, ǫg is a

combination of solid volume fraction and gas volume fraction, and so is determined from the

gas holdup and the known bed properties. Correlations for Ksalt as a function of temperature

and composition are given in the Appendix.

3.1.4 Molar Density equations:

Molar density of CO2 in gas phase is calculated from the ideal gas law and the mole fraction

CO2. The molar density of CO2 the liquid phase is calculated from mole fraction CO2 and

9



Table 1: Various Correlations Used for the Cathode Packed Bed

Parameter Description Correlation Remarks References

hG, hL Holdups hG =
1

1 + 4.33 (100 × U0L)
−0.433

(

U0L

U0G

)0.563 hL = 1 − hG [12]

fLG Two-phase friction factor fLG = exp
[

8.0 − 1.12 log Z̄ − 0.0769(log Z̄)2 + 0.0152(log Z̄)3
]

Z̄ =
Re1.167

G

Re0.767
L

[13]

where ReG =
U0Gdp

νG

and ReL =
U0Ldp

νL

dp =
3

2
de

1 − ǫ

ǫ

de, ǫ given from appendix A.4

kLA
′′′

b Liquid side mass transfer coefficient kLA
′′′

b = 0.12

[

U0L

47.88

(

∆P

∆Z

)

LG

]0.5 (

∆P

∆Z

)

LG

=
2ρGfLGU2

0G

de

[13, 14]

kGA
′′′

b Gas side mass transfer coefficient kGA
′′′

b = 2 + 0.91

[

U0L

47.88

(

∆P

∆Z

)

LG

]2/3

[14]

Sh Sherwood number Sh = 3.02

(

0.7 + 0.12

[

UG(1 − hG)

ULhG

]0.62
)

(

Re∗
L
Scde

δ

)1/3

UL = U0L/(1 − ζc) [15]

where Re∗
L

=
ULde

2νL(1 − hG)
and δ = 0.15 dp

(

U2
G

gdp

)−0.1

UG = U0G/(1 − ζc)

where dp =
3

2
de

1 − ǫo

ǫo
, Sc =

νL

D
and ǫo = 1 − π

3
√

2
for HCP

Rc Resistivity Rc =
1

Ksalt

(1 − ǫg,c)
−3/2 ǫg,c = hG(1 − ζc) + ζc [16]
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salt density. Units are kmol/m3:

ρ̄co2,g,c =

(

ṅ
′′

co2,g,c

ṅ′′

co2,g,c + 4.76 ṅ′′

o2,g,c

)

(

101.325

R̄T

)

(3.20)

ρ̄co2,ℓ,c =

(

ṅ
′′

co2,ℓ,c

ṅ
′′

co2,ℓ,c + ṅ
′′

o2,ℓ,c + ṅ′′

L

)

ρ̄salt (3.21)

Molar density of O2 is calculated in the same way as that of CO2:

ρ̄o2,g,c =

(

ṅ
′′

o2,g,c

ṅ′′

co2,g,c + 4.76 ṅ′′

o2,g,c

)

(

101.325

R̄T

)

(3.22)

ρ̄o2,ℓ,c =

(

ṅ
′′

o2,ℓ,c

ṅ
′′

co2,ℓ,c + ṅ
′′

o2,ℓ,c + ṅ′′

L

)

ρ̄salt (3.23)

3.1.5 Transfer Current Density Equations

A literature search has found no model for molten carbonate cathode current density that

matches all experimental data. Of those models available, the one presented by Wilemski

[17] has been selected. Wilemski presents a Butler-Volmer equation:

i
′′

s,c = i
′′0
s,c

[

f s
o2

f t
co2

exp

(

αcF

R̄T
ηc

)

− f u
o2

f v
co2

exp

(

(αc − n)F

R̄T
ηc

)]

(3.24)

where the overpotential ηc = Vc. The factors fo2
and fco2

are given by,

fo2
=

{

ρ̄o2,s,c

ρ̄o2,ref

}

fco2
=

{

ρ̄co2,s,c

ρ̄co2,ref

}

The values of s,t,u, and v are given by

s = σ + α/4

t = τ + α/2

u = σ − (n − α)/4

v = τ − (n − α)/2

Overall electron transfer (n) is assumed to be 2 and according to Wilemski [17] the model

is best described by values of σ ≈ 0.4, τ ≈ 0.0 and αc = 0.75. ηc is the overpotential loss at

11



cathode. The standard exchange current density (in A/m2) according to the model [17] is

given by,

i
′′0
s,c = k0

c exp

[

Ec(T − T923)

T923 T

]

P σ
o2

P τ
co2

(3.25)

Ec was estimated to be 5800 K, and k0
c to be 7.8 A/m2. The values of the partial pressures,

Po2
and Pco2

are 0.33 and 0.67 atm respectively. The values of the molar densities (in

kmol/m3) of CO2 and O2 at the surface of the electrode are determined from the surface

current density and the liquid-solid mass transfer coefficients

ρ̄co2,s,c = ρ̄co2,ℓ,c −
i
′′

s,c

2Fkℓ−s,co2

(3.26)

ρ̄o2,s,c = ρ̄o2,ℓ,c −
i
′′

s,c

4Fkℓ−s,o2

(3.27)

Wilemski’s coefficients are based on reactions in Li/Na/K eutectic.

The surface current density equation in cathode described by equation 3.24 also involves

the reverse reaction part which can be considered negligible for high values of overpotential,

ηc but which might be substantial for low values of the overpotential, ηc. Initially, the

reverse reaction was neglected due to computational difficulties and the belief that it was

unimportant. This gave a simpler equation of the Tafel form. Results showed, however,

that the reverse reaction could not be neglected without seriously compromising accuracy.

Changes were made to make the numerical scheme stable with the reverse reaction in place,

and the full Butler-Volmer equation was used.

3.2 Downflow in Packed Bed Anode

The equation for the CO2 production is:

C + 2CO=
3 → 3CO2 + 4e− (3.28)

The equation for the CO production is:

2C + CO=
3 → 3CO + 2e− (3.29)

As in the cathode, the packed bed anode consists of an electrically-connected porous bed.

The openings in the bed allow passage of molten salt with carbon particles and generated

gases entrained. Unlike the cathode bed, which acted as an electrode, the anode bed acts

12



only as a current collector. The carbon particles themselves act as the anode, exchanging

electronic current with each other and with the bed through collisions as shown in figure 4.

Carbon entrained in the molten salt is pumped downward into the bed through the electrode

Current Collector 

Carbon
Particle CO / CO2

Bubble

CO3
=

Electrolyte

e-

Figure 4: Carbon particle exchanging current with the bed.

plates. The carbonate ion, CO=
3 , traveling from the cathode to anode through ionic con-

duction, diffuses through the molten salt electrolyte and reacts on the surface of the anode

carbon to form CO and CO2, the ratio depending upon the chemical equilibrium and kinet-

ics. The downward velocity of the electrolyte is such that the entrained carbon (lighter than

molten salt) and the formed CO/CO2 are kept flowing downwards. As explained previously,

the analysis done so far neglects the production of CO and considers only the production of

CO2. Figure 5 shows how the dependent and independent variables have been setup within

the anode packed bed.

3.2.1 Modeling Anode Packed Bed through linear ODE’s

The anode model consists of five simultaneous first-order ordinary differential equations.

CO2 in gas and liquid phase:

dṅ
′′

co2,g,a

dxa

= −Kco2,g−ℓ,aA
′′′

B,co2,a

(

R̄T

Hco2

ρ̄co2,g,a − ρ̄co2,ℓ,a

)

(3.30)

dṅ
′′

co2,ℓ,a

dxa

= Kco2,g−ℓ,aA
′′′

B,co2,a

(

R̄T

Hco2

ρ̄co2,g,a − ρ̄co2,ℓ,a

)

+

(

3

4F

)

A
′′′

C,a i
′′

s,a (3.31)

C in solid phase:
dṅ

′′

C,S,a

dxa

= −
(

1

4F

)

A
′′′

C,a i
′′

s,a (3.32)
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Gas
Phase

Liquid
Phase

Solid Phase
(Anode)

Current
Collector

CO
CO2

CO CO2

C C

I-

I-

CO
CO2

CO

CO

X  Bed

I-

CO CO2

I-

Figure 5: Anode Model showing the Dependent and Independent Variables.

where A
′′′

C,a is given as in equation 3.45 and developed in Appendix A.5.

According to the ohm’s law within the anode packed bed we get:

dVa

dxa

= −i
′′

aRa (3.33)

where the resistivity, Ra, is given as indicated in table 2.

The anodic current density dependence on the surface current is given by:

di
′′

a

dxa

= −i
′′

s,a A
′′′

C,a (3.34)

3.2.2 Initial Conditions for ODE’s

The liquid entering the anode has contains carbon particles but no CO2 bubbles. The mass

transfer correlations used, however, require some gas flux in order to calculate liquid-gas

mass transfer. This requirement has some basis in physics, since gas-filled nucleation sites

on the carbon particles and the current collector are necessary for the CO2 to come out of

solution. The initial condition for gaseous CO2 flux was selected as a seeding value:

ṅ
′′

co2,g,a(0) = 3 × 10−3 (3.35)

14



The initial conditions for dissolved gas mole flux in the liquid phase are based on the liquid

salt superficial velocity and the assumption that the salt is saturated with gases at the

appropriate partial pressures.

ṅ
′′

co2,ℓ,a(0) = PatmHco2
U0L,a (3.36)

The initial condition for the mole flux of carbon depends upon current flux and the overfeed

factor. If γC is the amount of carbon overfeed, then the initial mole flux of carbon is given

by,

ṅ
′′

C,s,a(0) = γC · i
′′

0

4F
(3.37)

The initial condition for voltage is based on an assumed division of available driving

voltage between the anode and the cathode:

Va(0) = β · (Voc − Vcell) (3.38)

The initial condition for ionic current flux is the cell current density based on face area:

i
′′

a(0) = i
′′

0 (3.39)

3.2.3 Mass Transfer Equations in Anode Packed Bed

Various correlations describing mass transfer analysis in the packed bed anode are referred

from the literature and tabulated in table 2. Once the combined liquid-solid holdup (hLS)

and the liquid holdup (hL) are known, the liquid, solid, and gas holdups can computed using:

hS = hLS − hL (3.40)

hG = 1 − hLS (3.41)

The superficial velocities used in the above correlations are all in m/sec. The liquid superficial

velocity U0L can be set to any feasible value within the range specified by the correlation.

U0G is determined from the mole flux and the ideal gas law:

U0G = ṅ
′′

co2,g,a

R̄T

101.325
(3.42)

where the molar flux of CO2 (ṅ
′′

co2,g,a) in the gas phase is determined from the solution of

the differential equations.
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Using correlations in table 2 to determine gas-side and liquid-side coefficients, the overall

gas-liquid mass transfer coefficient is,

KGLA
′′′

B
( /sec) =

1

(1/kLA
′′′

B
+ 1/kGA′′′

B
)

(3.43)

The gas-liquid mass transfer coefficient (Kco2,L,a A
′′′

B
) for CO2 can then be found easily from

the gas properties of CO2.

The liquid-solid side mass transfer coefficient in the anode is given by

Ks,i =
Sh Di

dC(xa)
(3.44)

where dC(xa) is the instantaneous diameter of the carbon particles (given by equation 3.46)

that varies with the anode bed length (xa), Sh is Sherwood number given from the correla-

tion in table 2, and D is the molecular diffusivity of CO2 in the molten salt.

The surface area of carbon per unit volume of the bed is given by equation 3.45 which

was developed in appendix A.5.

A
′′′

C,a =
6 hS

dC(xa)
(1 − ζa) (3.45)

where dC(xa) is given by,

dC(xa) = dC(0)

[

ṅ
′′

C,S,a(xa)

ṅ′′

C,S,a(0)

]1/3

(3.46)

3.2.4 Molar Density Equations

Molar densities of CO2 in the gas phase are from the ideal gas law. Densities in the liquid

phase are from mole fraction and liquid salt density. Units are kmol/m3:

ρ̄co2,g,a =
101.325

R̄T
(3.47)

ρ̄co2,ℓ,a =

(

ṅ
′′

co2,ℓ,a

ṅ
′′

co2,ℓ,a + ṅ
′′

ℓ

)

ρ̄salt (3.48)

where ρ̄salt is given by ρ̄salt = ρL/ML, ρL and ML are respectively the density and molecular

weight of the molten salt.
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Table 2: Various Correlations Used for the Anode Packed Bed

Parameter Description Correlation Remarks References

hLS Liquid + Solid Holdup hLS = 0.125

(

Z̄

Ψ1.1

)−0.312
(

A
′′′

g,a dp

ǫ

)0.65

Z̄ =
Re1.167

G

Re0.767
L

[18]

where ReL =
U0Ldp

νL

, ReG =
U0Gdp

νG

and dp =
3

2
de

1 − ǫ

ǫ
A

′′′

g,a =
6(1 − ǫ)

dp

hL Liquid Holdup hL = 0.409

(

FrL

ρS

ρL

)0.178

Re 0.074
L

hLS FrL = U2
0L

/gdp [19]

kLA
′′′

b Liquid side Mass Transfer coefficient kLA
′′′

b = 0.12

[

U0L

47.88

(

∆P

∆Z

)

LG

]0.5 (

∆P

∆Z

)

LG

=
2ρGfLGU2

0G

de

[13, 14]

de, ǫ given from appendix A.4

kGA
′′′

b Gas side Mass Transfer coefficient kGA
′′′

b = 2 + 0.91

[

U0L

47.88

(

∆P

∆Z

)

LG

]2/3

[14]

fLG Two-phase friction factor fLG = exp
[

7.82 − 1.30 ln (Z̄/Ψ1.1) − 0.0573{ln (Z̄/Ψ1.1)}2
]

[18]

Sh Sherwood number Sh =
[

2 + 0.4 Re
1/4

Sc1/3
]

φc Re = Ed4
p/ν3

L [20]

where E = U0G g, Sc = νL/dp and φc = dp/dp
′

Ra Resistivity of anode bed Ra =
1

Ksalt

(1 − ǫg,a)
−3/2 [16]

where ǫg,a = ζa + (hg + hs) (1 − ζa)
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3.2.5 Transfer Current Density Equations

The current density equation for the anode packed bed at the carbon particle surface surface

(a variation of the Butler-Volmer equation, equivalent to a Tafel equation) is given by

i
′′

s,a = i
′′

s,a,0

(

ρ̄co2,s,a

ρ̄co2,ref

)

−3

exp

[

αanF

R̄T
ηa

]

(3.49)

where αan = 1.55, ηa is the overpotential loss at anode and is given by ηa = Va −∆VCR, and

i
′′

s,a,0 is given by,

i
′′

s,a,0 = 5.8 × 109 exp

(−22175

T

)

(3.50)

These transfer current density equations have been developed after doing a regression

analysis on the data in appendix B of [21]. The molar density of CO2 at reference conditions

inside the molten salt depends upon the Henry’s law at the reference conditions. The molar

density of CO2 at the surface of carbon particle (where the reaction takes place), ρ̄co2,s,a is

given by

ρ̄co2,s,a = ρ̄co2,ℓ,a +
3

4F

i
′′

s,a

kℓ−s,co2

(3.51)

Voltage drop due to contact resistance of the carbon particles is given by

∆VCR =
i
′′

s,a A
′′′

C,a
(

A′′′

g,a hs

)2/3
(3.52)

where A
′′′

g,a is from table 2.
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4 Experimental

This section does not include any experimental work because none was done; the project

consisted only of computer. Computer solution technique has been discussed in this section.

After the model equations and correlations had been established, they were programmed

into the Matlab ™numerical analysis package and solved for a range of input parameters.

This section discusses the techniques that were used to solve different individual models and

how the final integrated solution was achieved.

4.1 Input Parameters

In this section we will cover first the base case parameters, which have been tabulated in

table 3.

Some of these parameters require explanation beyond that given in the table:

Table 3: Input Parameters for the Base Case

Parameter Description Units Value

Tcell Cell Temperature K 1000

i
′′

0 Current Density Feed Amp/m2 149.2

Vcell Desired Cell Voltage Volt 0.7

β Voltage Distribution Factor – 0.59922

γC Carbon Overfeed Factor – 3

UL,c Superficial Velocity in Cathode Packed Bed m/sec 1.8

UL,a Superficial Velocity in Anode Packed Bed m/sec 0.05

dC Initial Diameter of Carbon Particles (at xbed=0) m 74 · 10−6

• The current density feed is the ionic current per unit area at the interface between the

anode and the cathode. The possible range of values is limited, since excessive current

will result either in current remaining when the end of the bed is reached or in current

remaining when chemical overpotential goes to zero as ohmic losses build.

• Carbon overfeed is the extra amount of carbon (over the normal requirement as per

Faraday’s law) that is fed into the anode.
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• The choice of superficial velocities in both the anode and cathode packed bed is limited

by the need to maintain bubbly flow, the need to limit pressure drop, and the limitations

of the holdup and mass transfer correlations used.

• The equivalent diameter of the cathode and anode packing has been chosen for either

the perforated sheet plates or the electroformed nickel wire mesh, for which analysis

has been conducted and appended in Appendix A.

• The carbon particle size has been chosen as per ASTM standard 200 mesh size for

pulverized coal as cited on page 9-4 of [22].

4.2 Anode and Cathode Models

The anode and cathode models have been individually developed (figure 6 and figure 7)

and then combined together while conducting cell analysis. The initial conditions for both
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Figure 6: Flow Chart for the ANODE model.

the models has been selected as discussed in sections 3.1.2 and 3.2.2. Standard ordinary

differential equation solver (ode45) is chosen in MATLAB for solving the set of differential
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equations that were discussed in sections 3.1.1 and 3.2.1.

The basic idea of both models is the same. Initial conditions are passed onto the cathode

and anode models. The initial values of the dependent variables enables the computation of

parameters of different correlations taken from the literature. The mass transfer coefficients

and holdups for different phases are determined from these correlations. These coefficients

and many other parameters help in solving for the dependent variables as a function of the

independent variable (bed length x).

The required cell voltage (Vcell) is then passed onto the main program that combines the

two cathode and anode models. The maximum current density that can be fed into the cell

is iterated until we get a situation where the feed current gets used up in both the bed and

also that the cell losses correspond to (Voc − Vcell). The corresponding bed length is found

from such an analysis for both cathode and anode. The distribution factor (β) determines

the portion of cell losses contributed by anode and cathode.
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5 Results and Discussion

The model equations of anode and cathode were solved together by utilizing a voltage distri-

bution function (β) and certain base case parameters. This section shows results depicting

current variations with bed length, effect of coal loading on the contact resistance, and the

variation of output voltage and power density with current density.

5.1 Base Case Results

In this section, the results from the perforated sheet plate type packing have been reported.

Figure 8 shows the distribution of overpotential losses within the anode and cathode packed

bed for a typical operating point. In the cathode the losses are combination of ohmic and

mass/charge transfer losses (signified by the symbol η) whereas in the anode the losses are a

combination of ohmic losses, mass/charge transfer losses, and losses due to contact resistance

for electron transfer from the current collector to the carbon particles. The ohmic voltage
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Figure 8: Overpotential losses in Cathode and Anode.

drop in the cathode packed bed is increased by the presence of gas bubbles and the electrode
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packing material (which also works as both the cathode and current collector). The ohmic

voltage drop in the anode packed bed is increased by the presence of gas bubbles, the carbon

particles entrained in the salt (acting as anode), and the electrode packing material (acting

as current collector). The correlation for finding the resistance due to the above factors

comes from the Bruggeman equation formulation indicated in Tables 1 and 2. At the start
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Figure 9: Effect of Carbon Overfeed on the Voltage Drop due to Contact Resistance Losses
in Anode.

of the beds, the mass/charge transfer losses are substantial and ohmic losses zero, but with

the increasing bed length the ohmic losses increase as distance from the anode increases,

whereas the mass/charge transfer losses go down as current density decreases.

In the anode packed bed, the low collision rate of carbon particles gives rise to contact

resistance losses which are quite substantial (almost 35% of the total losses within the anode

bed). The change in contact resistance losses is governed by two counteracting effects. The

decreasing current density decreases contact resistance losses, while decreasing carbon flux as

fuel is utilized increases contact resistance losses. For the case shown the decrease in carbon

flux is dominant, and contact resistance losses increase with depth. The effect of carbon flux
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on contact resistance losses is corroborated by figure 9, which shows how increased carbon

overfeed reduces contact resistance.

The figure 10 shows the power density and cell voltage on the same graph against the

current density. From the plot it can be seen that for maximum cell output (> 200 W/m2)

current densities in the range of 400-600 A/m2 are reasonable.
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Figure 10: Power Density and Cell Voltage as against the Current Density.

For a direct carbon fuel cell, the ideal first law efficiency is

ηI =
∆G

∆H°298
(5.1)

which is ∼ 1 for typical operating conditions. The first law efficiency of the operating cell is

thus given by

ηvol =
Vcell

Voc

(5.2)

Since the open circuit potential of the cell studied here is approximately 1, therefore, the
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cell voltage vs current density plot as shown above in figure 10 approximately portrays net

efficiency vs current density. It can also be said that the first law and second law efficiency

of the cell described here are approximately the same.

The current densities that give high power densities are thus seen to give efficiencies

of only 30-50%. Efficiencies of 60-70% limit current densities to 150-250 A/m2 and power

densities to 200 W/m2.

The current per electrode area variation with the bed length is shown for both anode and

cathode in figure 11. The current density decreases very quickly in the anode bed because
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Figure 11: Variation in Current Density along the Bed Length in Anode and Cathode.

of the additional voltage drop due to the contact resistance of the carbon particles.
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5.2 Parametric studies

After the base case fuel cell analysis is done, it is important to understand the effects of

different parameters on the fuel cell performance. The polarization curves and the power

density vs current density curves are plotted for different values for cell temperature and the

carbon loading and shown in figures from 12 to 15.

5.2.1 Effect of cell temperature

As seen from Figures 12 and 13, increase in cell temperature increases fuel cell performance

quite considerably. Now as discussed in [10], the mole fraction CO2 from the anode is largely

dependent upon the cell temperature. The Boudouard equilibrium predicts low CO2 yield

at high cell temperatures, whereas according to [21], CO2 yield is not as low as predicted

by the equilibrium. In any case, it is absolutely clear that the fuel cell performance model

described in this report can be effectively optimized provided a model that can accurately

predict the CO-CO2 equilibrium is established.
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5.2.2 Effect of carbon loading

As seen from figures 14 and 15, increase in the carbon overfeed slightly improves the modeled

performance of the fuel cell. After a relatively small increase, however, the performance is

maximized and doesnt improve further. This is probably because increased ionic resistance

losses due to carbon fraction in the electrolyte counteract decreased contact resistance losses.
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6 Conclusions

An appropriate design of the packed bed anode and cathode has been conceptualized for the

Entrained Fuel and Oxidizer (EFO) fuel cell. The cathode involves perforated stainless steel

electrode plates working both as an electrode and current collector. In the anode, carbon

particles themselves act as anode and the perforated stainless steel electrode plates act as

the current collector.

A preliminary energy balance of the fuel cell and the balance-of-plant was done during the

initial phase of the project. During the later phase, a one-dimensional model for the fuel cell

has been developed. Using an optimization routine this model is able to establish cell voltage

vs current density relationships or the polarization curve given certain load conditions. The

model is also able to find out appropriate bed length for each iterated case. One aspect

that could not be covered during the course of the project was to develop a comprehensive

optimization routine that could project the optimum bed length for both cathode and anode

given certain fuel cell load conditions.

The results from the energy balance reveals that the efficiency is determined predomi-

nantly by CO/CO2 ratio leaving the anode. Experiments by others have shown that CO2

concentrations exceed those predicted by Boudouard equilibrium. Therefore, a useful alter-

nate model is clearly necessary for good cell design and accurate prediction of cell perfor-

mance.

The effect of temperature is investigated both during the energy balance of the cell and

the balance-of-plant and also while analyzing the one-dimensional fuel cell model. If decou-

pled from the CO/CO2 ratio, temperature has a relatively small effect on first law efficiency.

Increasing cell temperature generally increases work output slightly and also increases the

value of the waste heat. However, the most important effects of temperature is on the reac-

tion rates. This is witnessed from the increase in cell performance with the increase in cell

temperature. However, high temperature also leads to low CO2 yield which in turn tends to

reduce the first law efficiency. Therefore, an optimum cell temperature will lead to optimum

cell performance along with the first law efficiency. This is only possible if an alternate model

to describe the CO/CO2 ratio leaving the anode is built. It may be, for cells of the type

described here, that there is considerable temperature difference between the anode and the

cathode. Determining this difference will require information on the thermodynamic prop-

erties of CO=
3 in molten salts. Therefore, the energy balance analysis was done assuming
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isothermal cell.

One of the major achievements of this project is to understand that the packed bed

geometry is capable of producing large area per unit volume available for reaction. Large

surface area when used for the chemical reaction produces high mass transfer rates and good

economies of scale. Moreover, the mass transfer processes in the direct carbon molten car-

bonate (DCMC) fuel cell are surely effective but still need more investigation before reaching

an optimum design.

31



7 Future Work

The following issues have to be addressed for a future fuel cell performance model.

• Further work is needed to study the factors affecting the CO/CO2 balance in direct

carbon molten carbonate fuel cells. The Boudouard equilibrium has been shown by the

SRI workers [21] to be inconsistent in predicting the correct equilibrium. The deter-

mination of an accurate model will be helpful in optimizing the fuel cell performance.

• Development of more data on thermodynamic and transport properties in molten car-

bonate melts is needed to investigate the anode and cathode at different temperatures.

The assumption of isothermal cell while conducting energy balance is true in ideal case

scenario but in reality there will be some difference between the temperature of cath-

ode and anode. The determination of these properties will provide accurate prediction

of the performance of the fuel cell and the whole plant.

• Construction of a laboratory-scale version of the porous bed electrode cell will help in

comparing the model results with the experimental results.

• Development of accurate transfer current density equations for cathode and anode

are needed as against the currently used Wilemski model [17] for cathode and Ateya

model [21] for anode. A model describing the exchange current density accurately for

both anode and cathode is also needed.

• Axial diffusivity should also be included in the future model to predict accurate fuel

cell performance.

The analysis and development of this design has led to several innovative ideas that

should increase the efficiency and the power density of the cell. These ideas, however, are

intellectual properties that have not yet been disclosed to the Patent Office. They will

therefore not be discussed here.
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Appendices

A Analysis of the Packed Bed Parameters

A.1 Calculation of Area per Unit Volume of the Packed Bed

Here we will consider a packed bed of rectangular cross-section with packing sheet plates

stacked in a staggered configuration to enhance mass transfer. We get for the surface area

of one such packing sheet as,

Splate = Nhole π Dh t + 2 Lb Wb (1 − OA) (A.1)

where Nhole is the number of holes in one packing sheet, Dh is the diameter of the hole, t the

thickness of the packing sheet, Lb and Wb are the length and breadth of the packing sheet,

OA is the open area of one packing sheet.

The number of holes in one packing sheet, Nhole can be found out from,

Nhole =
Lb Wb (OA)

(π D2
h/4)

(A.2)

The equation for the surface are of one packing sheet then simplifies into

Splate = Lb Wb

[

4 (OA) t

Dh

+ 2 (1 − OA)

]

(A.3)

If h is the plate spacing, and Hb is the total height of the bed, then total plate surface area

within the packed bed is given as

Sp =
Hb

h
Lb Wb

[

4 (OA) t

Dh

+ 2 (1 − OA)

]

(A.4)

Since the volume of the bed is LbWbHb, surface area per unit volume of the packed bed is

given by

A
′′′

bed =
Sp

LbWbHb

=
4 (OA) t

h Dh

+
2 (1 − OA)

h
(A.5)

A.2 Calculation of Volume fraction of Electrode

Volume of (Hb/h) number of packing sheet plates is given by,

Velectrode = Lb Wb t (1 − OA)
Hb

h
(A.6)
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Volume fraction of Electrode is then given by

ζ =
Velectrode

LbWbHb

=
t

h
(1 − OA) (A.7)

A.3 Calculation of Packed Bed Void Fraction

The total void volume within the bed is given by

Vvoid =

[

Hb −
(

Hb

h
t

)]

WbLb +

(

Hb

h

) [

Wb Lb (OA)

πD2
h/4

]

(πD2
h t/4) (A.8)

The packed bed void fraction, ǫ can then be calculated as

ǫ =
Vvoid

LbWbHb

= 1 − t

h
[1 − (OA)] (A.9)

A.4 Calculation of equivalent packing diameter

The equivalent packing diameter is given by,

De =
4ǫh

4 OA t
Dh

+ 2(1 − OA)
(A.10)

A.5 Model for finding carbon surface area per unit volume

We first assume that the molten salt is entrained with spherical carbon particles. We also

assume that the carbon particle flux, Ṅ
′′

(number of carbon particles flowing through the

bed per unit area per unit time) will be constant. Now, molar flux of carbon in the salt can

be written as

ṅ
′′

C
= UC hC ρ̄C (A.11)

where UC is the downward velocity of the carbon particle, hC is the carbon holdup within

the anode packed bed, and ρ̄C is the molar density of carbon. The carbon particle flux is

given by

Ṅ
′′

=
ṅ

′′

C

npart

(A.12)

where npart is the carbon moles per particle.

At any bed position, x , particle flux is given by,

Ṅ
′′

=
ṅ

′′

C
(x)

ρ̄

(

π DC(x)3

6

) (A.13)
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which is also equal to the particle flux at the bed start position

Ṅ
′′

=
ṅ

′′

C,init

ρ̄

(

π D 3
C,init

6

) (A.14)

Simplifying equation A.13 and A.14 we get,

DC(x) = DC,init

(

ṅ
′′

C
(x)

ṅ
′′

C,init

)1/3

(A.15)

If the initial size of the carbon particle and the initial molar flux of carbon is specified and

the molar flux of carbon at any bed location x is known from the solution of the differential

equations for the anode bed, then the size of the carbon particle at any x location within

the bed would be easily determined. The initial size of the carbon particle is chosen to be

74 micron found out from the 200 mesh screen sizes provided in [22] on page 9-5.

Now, carbon holdup in general is given by volume of carbon particles per unit volume of

the bed.

hC = V
′′′

C
=

Volume of Carbon Particles

Volume of the Bed
(A.16)

The instantaneous carbon holdup with bed position x can then be written as

hC(x) =
(Number of Carbon Particles at any x) (Vpart(x))

Volume of the Bed
= N

′′′

part(x) Vpart(x) (A.17)

The reaction surface area of carbon per unit volume of the bed can then be computed from

A
′′′

part(x) = N
′′′

part(x) (πD 2
part(x)) =

hC(x)

Vpart(x)
πD 2

part(x) (A.18)

Simplifying the above equation, the carbon particle area per unit volume of the bed, A
′′′

s,a is

given by

A
′′′

C,a(x) =
6hC(x)

Dc(x)
(A.19)

It should be noted that this equation doesn’t take into account the volume fraction of the

anode packing material within the bed. So, taking into account the volume fraction of the

anode, we get

A
′′′

C,a(x) =
6hC(x)

Dc(x)
(1 − ζa) (A.20)

where ζa can be computed as in section A.2 given appropriate specifications of the packing
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material in the anode.

B Contact Resistance Model

B.1 Bed Expansion Evaluation

Morooka correlation [23] defines E as,

E =
Bed Volume

Bed Volume non-fluidized
(B.1)

So if we chose carbon for anode from the materials shown in Table A-1, then we realize that

on the average Vrest = 1.922 − 2.50Vsolid. So, at rest V ≈ Er Vsolid where Er called ”Rest

Expansion” is approximately 2. Now from the definition of E, we can write

E =
1/Vol Fract C

1/Rest Vol Fract C
=

1/Vol Fract C

Vtot,rest/Vsolid,rest

=
1

αs Er

(B.2)

where αs is the volume fraction carbon and Er does not include the fixed bed volume.

Table A-1: Densities of various forms of carbon

Type of carbon Density Remarks

(kg/m3)

Anthracite 1554 Average

Bulk Anthracite 841.5 Average, size not given

Coke 1201

Bulk Coke 441 Average

Charcoal 481 Oak

Charcoal 369 Pine

Bulk Charcoal 192 Average

B.2 Resistivity Correlation

Resistivity correlation from Morooka [23] can be written as,

ρm (in Ω m) = 0.0004 (100 E)2 (B.3)
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where E is as defined above in equation B.2. Simplifying we get,

ρm (in Ω m) =
1

α2
s

(B.4)

We utilize an analogical model from heat transfer to develop a crude model for voltage drop

due to contact resistance in the packed bed anode. Solid with internal generation is analogous

to solid with ”current sources” (ionic current ↔ electronic current). So for a flat plate with

walls at Tw, half-thickness L, and conductivity k, the temperature difference relationship is

given from [24] as,

T − Tw =
q̇′′′ (L2 − x2)

2k
(B.5)

The average relationship can then be computed to be,

Tavg − Tw =
q̇′′′

2k

L
∫

0

(L2 − x2) dx

L
=

q̇′′′ L2

3k
(B.6)

Converting to i instead of q, q̇′′′ becomes (i
′′

s A
′′′

s ), k becomes (1/ρm), and (Tavg − Tw) becomes

(∆VCR). So we have,

∆VCR =
ρm i

′′

s A
′′′

s L2

3
(B.7)

where A
′′′

s is the carbon particle surface area per unit volume. Now, this model is crude

because i
′′

s is not constant and is higher when ∆V is lower.

For 3-D geometry, (1/L) is equivalent to the area per unit volume (A
′′′

). In the case of anode

packed bed it’s the grid area per unit volume of the bed (A
′′′

g ). So, for the drop in the voltage

due to contact resistance, we have the following equation

∆VCR =
ρm i

′′

s A
′′′

s

3
(

A′′′

g

)2
(B.8)

and putting in the expression for ρm, we get

∆VCR =
i
′′

s A
′′′

s

3
(

A′′′

g αs

)2
(B.9)
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C Open Circuit Potential

From the chemical kinetics of cathode and anode packed bed in sections 3.1 and 3.2 respec-

tively, cell analysis can be done. Open circuit voltage, Voc, can be found out from Gibb’s

Energies of the cell half reactions as given below.

ḡc = h̄c − T s̄c (C.1)

ḡo2
= h̄o2

− T s̄o2
(C.2)

ḡco2
= h̄co2

− T s̄co2
(C.3)

∆ḡrxn = ḡc + ḡo2
+ ḡco2

(C.4)

Once the ∆ḡ of the reaction is known, open-circuit potential can be found out from equa-

tion C.5.

Voc =
∆ḡ

4 F
(C.5)
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D Modified equations in Anode due to presence of

both CO and CO2

The additional first-order differential equations for the inclusion of CO in the anode analysis

is given as below.

CO in gas and liquid phase:

dṅ
′′

co,g,a

dxa

= −Kco,g−ℓ,aA
′′′

B,co,a

(

R̄T

Hco

ρ̄co,g,a − ρ̄co,ℓ,a

)

(D.1)

dṅ
′′

co,ℓ,a

dxa

= Kco,g−ℓ,aA
′′′

B,co,a

(

R̄T

Hco

ρ̄co,g,a − ρ̄co,ℓ,a

)

+

(

3

2F

)

A
′′′

C,a i
′′

s,a (D.2)

The modified velocity of the gas phase is given as:

U0G =
(

ṅ
′′

co,g,a + ṅ
′′

co2,g,a

) R̄T

101.325
(D.3)

where the molar flux of CO2 (ṅ
′′

co2,g,a) and CO (ṅ
′′

co,g,a) in the gas phase, are determined from

the simultaneous solution of the differential equations in section 3.2.1 and the additional

equations (for CO) as described above. The gas-liquid mass transfer coefficient (Kco,L,a A
′′′

B
)

for CO can be found easily from the gas properties of CO.

Modified molar densities of CO2 in liquid and gas phase (units of kmol/m3):

ρ̄co2,ℓ,a =

(

ṅ
′′

co2,ℓ,a

ṅ
′′

co2,ℓ,a + ṅ
′′

co,ℓ,a + ṅ
′′

ℓ

)

ρ̄salt (D.4)

ρ̄co2,g,a =

(

ṅ
′′

co2,g,a

ṅ′′

co2,g,a + ṅ′′

co,g,a

)

(

101.325

R̄T

)

(D.5)

Molar densities of CO in liquid and gas phase (units of kmol/m3):

ρ̄co,ℓ,a =

(

ṅ
′′

co,ℓ,a

ṅ
′′

co2,ℓ,a + ṅ
′′

co,ℓ,a + ṅ
′′

ℓ

)

ρ̄salt (D.6)

ρ̄co,g,a =

(

ṅ
′′

co,g,a

ṅ′′

co2,g,a + ṅ′′

co,g,a

)

(

101.325

R̄T

)

(D.7)
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E Molten Salt Characteristics and Gas Properties vari-

ation with Temperature T

Molar Density of molten salt (in kmol/m3) is given by,

ρ̄salt =
ρL

ML

where ρL is the density of the molten salt (in kg/m3) and ML is the molecular weight of the

molten salt (in kmol/kg).

Molar flux of molten salt (in kmol/m2-s) is given by,

ṅ
′′

L
=

U0L

ρ̄salt

Mole fractions of molten salt used in the study and the variations in density (ρ), surface

tension (γ), viscosity (µ), and electrical conductance (κ) of the molten salt with temperature

for different compositions is as given in [25]. The gas properties variation with temperature

is referenced from [26].
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ABSTRACT 
A novel fuel cell design uses porous bed electrodes.  Liq-

uid electrolyte, with fuel and oxidizer entrained, is circulated 

through the electrodes.   

An energy balance has been done for the cell and auxilia-

ries.  The design calls for the CO-CO2 mixture leaving the an-

ode to be burned to supply an O2-N2-CO2 mixture to the cath-

ode.  Two heat exchangers are employed: an air preheater cool-

ing the exhaust and a waste heat exchanger cooling the gases 

entering the cathode. 

Results show that CO/CO2 ratio is the most important pa-

rameter for determining performance.  For other conditions 

ideal, plant efficiency varies from ~90% for pure CO2 to ~20% 

for pure CO.   

If decoupled from CO/CO2 ratio, the main effect of increas-

ing cell temperature is to increase heat transfer rate in the air 

preheater.  This is also the main effect of increasing excess air.  

Decreasing internal cell efficiency lowers power output and 

increases waste heat rejection. 

Keywords: Fuel cell, direct carbon, molten carbonate, energy 
balance 

NOMENCLATURE 
H Enthalpy flow per mole carbon in 

HHV  Heating value carbon, mole basis 

n Moles per mole carbon in 

P, Pi  Pressure, partial pressure 

Q  Heat transfer per mole carbon in 

S Entropy flow per mole carbon in 

T Cell temperature 

TA   Theoretical air 

W  Electrical work per mole carbon in 

xCO2 Mole fraction CO2 leaving anode 

Cell internal efficiency 

Subscripts: 

AN  Anode 

CA  Cathode 

CO2, etc.  Species 

HX1  Air preheater 

HX2  Waste heat exchanger 

REV  Reversible 

INTRODUCTION 
Modern fuel cell development, with its origins in the space 

program, has concentrated on compact fuel cell designs in 

which an immobile electrolyte is contained between porous 

membrane electrodes.  Fuel and oxidizer are supplied to the 

electrodes on the sides opposite the electrolyte, and all reac-

tions take place on the electrolyte-wetted surfaces of the elec-

trode membrane. 

This type of cell design is effective for a compact cell using 

gaseous fuel, but it has three serious limitations for utility-scale 

power generation using coal 

1. It cannot be used directly with solid fuel. 

2. It does not exhibit good economies of scale: a utility power 

plant would be made up of a large number of small cells. 

3. The membrane electrodes are prone to fouling by ash.  

Various researchers have proposed alternate designs to by-

pass these limitations.  Weaver et al [1] proposed a plant in 

which coal would be formed into solid anodes and fed into a 

molten carbonate melt.  Gür and Huggins [2] heated carbon to 

vaporize it so that it could react on a solid oxide electrolyte.  

Horita et al [3] built a cell in which carbon powder was mixed 

with a carbide powder anode in contact with a solid oxide elec-

trolyte.  Cooper [4] and his co-workers supplied a paste of car-

bon fuel granules in a molten salt to the anode grid of a molten 

carbonate cell.  Vutetakis et al [5] oxidized slurries of coal in 

molten carbonate melts. 

The cell investigated here uses porous bed electrodes.  

Liquid electrolyte, with fuel and oxidizer entrained, is circu-

lated through the electrodes.  The concept is based on the work 

of Vutetakis et al as well as on that of Matsuno et al [6] on po-

rous bed anodes for gas-fueled molten carbonate cells.  It also 

has roots in those industrial electrolysis technologies which use 

porous bed electrodes [7].   

The energy balance presented here is more concerned with 

the “balance-of-plant” components than with the details of the 
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cell itself.  It is, in fact, applicable to other types of direct car-

bon molten carbonate fuel cells.  Since there is no work in the 

open literature presenting energy balances for direct carbon 

molten carbonate fuel cells, it is of general interest. 

FUEL CELL CONCEPT 
In the proposed fuel cell, as shown in Fig. 1, both the anode 

and the cathode are electrically connected porous beds.  

Molten carbonate salt, with particles of carbon entrained, is 

pumped downward through the anode bed.  It reacts with CO3
=

ions diffusing from the cathode to form CO and CO2 while 

sending electrons to the load.  Downward velocity of the salt is 

adequate to ensure that both carbon particles and evolved gas 

bubbles are entrained downwards.  Salt, evolved gases, and 

overfed carbon exit the bottom of the anode and gases are sepa-

rated from the liquid/solid slurry.  The slurry is enriched with 

more carbon and recirculated through the anode, while the 

evolved gases are used to supply CO2 to the cathode.  The ar-

rangement of burner and heat exchangers for this purpose is 

discussed under “Balance-of-Plant Concept” below. 

Figure 1.  Direct Carbon Molten Carbonate Fuel Cell 

with Porous Bed Electrodes  

Molten carbonate salt is pumped upward through the cath-

ode bed, with O2, N2, and CO2 entrained.  Some of the O2 and

CO2 molecules receive electrons from the load and react to 

form CO3
=
 ions, which diffuse to the anode.   Excess gases exit 

the top of the anode where they are separated from the liquid.  

The liquid and part of the gas stream are enriched with more O2

and CO2 and recirculated, while the remainder of the gas stream 

is exhausted. 

Because this cell has a continuous flow of salt through the 

anode, fuel contaminants will be carried off with the flow.  

They can then be removed by a sidestream treatment plant such 

as that described by Weaver et al [8].  Unlike porous-membrane 

fuel cells, the porous bed cell can be effectively scaled up to 

large size, so that a utility-scale plant could be made of a rela-

tive small number of large cells.  The cell is more akin to an 

electrochemical plant than to a storage battery. 

BALANCE-OF-PLANT CONCEPT 
The plant design used for the energy balance is shown 

schematically in Fig. 2.  CO and CO2 generated in the anode 

are supplied to a burner, where they are combusted with excess 

air.  The resulting O2-N2-CO2 mixture is supplied to the cath-

ode.  The air supplied to the burner is preheated by the N2, CO2,

and excess O2 leaving the cathode, and waste heat is recovered 

from the gases leaving the burner.     

Figure 2.  Plant Design for Energy Balance   

Two imaginary “heat exchangers” are included in the cell, 

one to bring the incoming carbon to cell temperature in the an-

ode and the other to bring incoming O2-N2-CO2 mixture to cell 

temperature in the cathode.  

The entire plant is assumed to be at atmospheric pressure, 

and the fuel cell itself is assumed to be at uniform temperature. 

MASS BALANCE 
The mass balance is based on the dominant molten carbon-

ate fuel cell reactions.  At the anode: 

 C + 2CO3
=

 3CO2 + 4e
–

(1) 

 2C + CO3
=

 3CO + 2e
–

(2) 

At the cathode: 

 2CO2 + O2 + 4e
–

 2CO3
=
   (3) 

All balances are done on a “per mole carbon in” basis.  The 

incoming air is assumed to contain 3.76 moles N2 per mole O2

and the incoming fuel is assumed to be pure carbon.   

Early workers in direct carbon molten carbonate cells [1] 

assumed that balance between reaction (1) and reaction (2) at 

the anode would be determined by the C + CO2  2CO (Bou-

douard) equilibrium.  This would result, for an atmospheric 

pressure cell, in nearly 100% CO2 leaving the anode at tem-

peratures below 700 K, a 50-50 balance at about 950 K, and 

nearly 100% CO at temperatures above 1200 K.  Their subse-

quent work, as well as the work of others [4, 5] indicated that 

CO2 production is dominant at much higher temperatures than 

predicted by equilibrium. 

The mass balance is therefore set up so that CO2 fraction is 

decoupled from cell temperature.  For most cases, the mole 

fraction CO2 (xCO2) in the gas leaving the anode (node 3 on Fig. 

2) is fixed.  In some cases, for comparison, it is calculated from 

an approximate expression [1] for the Boudouard equilibrium: 

115.9
K8919

atm1
log

2

2

10
TP

P

CO

CO  (4) 

Together with PCO2 + PCO = P and xCO2 = PCO2/P, this expres-

sion is used to calculate xCO2.

Once the composition of the gas leaving the anode is de-

termined, mole balances can be used to calculate the composi-
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tion at all points based on xCO2 and theoretical air. The results 

are shown in Table 1. 

Table 1.  Mole Flows Relative to Mole Flow of Carbon In 

Moles per Mole Carbon In Node 

(Fig. 2) C O2 N2 CO CO2

1, 2 1 0 0 0 0 

3 0 0 0 
2

2

2

33

CO

CO

x

x

2

2

2

3

CO

CO

x

x

4, 5 0 TA 3.76TA 0 0 

6, 7, 8 0 
2

2

24

33

CO

CO

x

x
TA 3.76TA 0 

2
2

3

COx

9, 10 0 TA – 1 3.76TA 0 1 

ENERGY BALANCE 
Operating conditions for the energy balance are defined by: 

Mole fraction CO2 leaving the anode 

Cell temperature (either equilibrium T or a selected T)

Fuel and air temperatures 

Minimum T in the air heater (pinch point is at hot end) 

Fuel cell efficiency relative to a reversible cell. 

Enthalpy and entropy flows per mass carbon in are calcu-

lated based on the mole flows shown in Table 1 and data tabu-

lated by Gurvich et al [9].  Data are interpolated using a cubic 

spline technique.  Ideal behavior is assumed for all gases. 

Some states can be calculated based on the defined tem-

peratures.  States of incoming fuel and air (nodes 1 and 4) are 

based on their known temperatures.  States of materials enter-

ing and leaving the anode and cathode (nodes 2, 3, 8 and 9) are 

based on cell temperature.  The state of air leaving the prehea-

ter (node 5) is based on cell temperature minus the assumed T.

States at the burner exit and of the exhaust (nodes 6 and 

10) are calculated from energy balances on the burner and air 

preheater respectively.   

The electrical work output and the state at the waste heat 

exchanger outlet (node 7) are calculated from energy and en-

tropy balances on the cell.  First, a cell that is reversible except 

for the thermal equilibration of the incoming flows (via QAN

and QCA) is assumed.  An energy balance on the carbon enter-

ing the cell determines QAN.  An entropy balance then gives 

ANREVCA QSSSSTQ
8293,

 (5) 

and an energy balance gives 

REVCAANREV QQHHHHW
,9382

 (6) 

The work for an irreversible cell is then W= WREV and Eq. (6) 

is used (without REV subscripts) to calculate QCA for the irre-

versible cell.  An energy balance then determines the state at 

the waste heat exchanger outlet (node 7). 

RESULTS
The mass and energy balances have been performed for a 

range of operating conditions, all at atmospheric pressure and 

with fuel and entering at 300 K. 

Figure 3 displays non-dimensional work (W/HHV = first 

law efficiency) and the non-dimensional waste heat 

(QHX2/HHV ) plotted against xCO2.  Cell T is a parameter, with 

curves shown for fixed values and also for cell T corresponding 

to xCO2 for Boudouard equilibrium. Cell is 100% and air 

heater pinch point T is zero.  The plot shows that plant per-

formance is a strong function of xCO2 and a weaker function of 

cell T.  The plot is for stoichiometric air, but the addition of 

excess air has negligible effect. 
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Figure 3.  Non-Dimensional Work and Waste Heat vs. Mole 

Fraction CO2 Leaving Anode, Cell T as Parameter 

Figure 4 also shows non-dimensional work and non-

dimensional waste heat vs. xCO2, but with cell internal effi-

ciency as a parameter.  As before, air heater pinch point T is 

zero and TA is one.  Cell T is 950 K.  Cell internal  variation 

over the range shown has a greater effect on performance than 

cell T, but its effect is less important than that of xCO2.
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Figure 4.  Non-Dimensional Work and Waste Heat vs. Mole 

Fraction CO2 Leaving Anode, Cell Efficiency as Parameter 

Figure 5 displays non-dimensional heat transfer in the air 

heater (QHX1/HHV ) as a function of cell temperature with theo-

retical air as a parameter.  Air heater pinch point T is zero.  

Cell is 100% and xCO2 is the equilibrium value, but variations 

in these two values would have negligible effect.  Also plotted 

is equilibrium CO2 concentration for the Boudouard equilib-

rium. 

Results are summarized in Table 2. 

Since no specific use for the waste heat is planned, it is not 

possible to evaluate the combined work/waste heat output of 

the plant.  Second-law analysis is not useful unless assumptions 

are made about temperature differences in the waste heat ex-

changer. 
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The effect of pressure on the mass and energy balances has 

not been investigated.  Such an investigation would require 

modeling of compressors for incoming air and turbines for out-

going exhaust gases. 
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Table 2.  Summary of Results

Effect On 
Increasing 

Work W Waste Heat Q Preheater Q

CO2 Fraction Large  Large --

Cell T * Small ** Small ** Large 

Excess Air -- -- Large 

Cell Efficiency Medium  Medium --

Preheater T Small  Small  Small 

* Independent of CO2 fraction      ** Except for xCO2  1 

CONCLUSION 
Results show that that efficiency is determined predomi-

nantly by CO/CO2 ratio leaving the anode.  Experiments by 

others have shown that CO2 concentrations exceed those pre-

dicted by Boudouard equilibrium, but a useful alternate model 

has not been demonstrated.  Such a model is clearly necessary 

for good cell design and accurate prediction of cell perform-

ance.

Temperature, if decoupled from CO/CO2 ratio, has a rela-

tively small effect on first law efficiency.  Increasing cell tem-

perature generally increases work output slightly and also in-

creases the value of the waste heat.  The most important effects 

of temperature will likely be those on reaction rates, on materi-

als requirements, and on air preheater size.  It may be, for cells 

of the type described here, that there is considerable tempera-

ture difference between the anode and the cathode.  Determin-

ing this difference will require information on the thermody-

namic properties of CO3
=
 in molten salts. 

 The negligible effect of theoretical air on efficiency is sur-

prising to those accustomed to conventional combustion system 

design, but is to be expected in a fuel cell plant with effective 

air preheating.  Increased theoretical air will increase preheater 

size and, in theory, cathode reaction rates. 

For the range of cell internal efficiencies (70%-100%) 

studied here, cell internal losses (ohmic losses, overpotential 

losses, and diffusion losses) are less important than CO/CO2

balance.  For hydrogen-oxygen cells, design has largely been a 

tradeoff between cell output and cell losses.  For direct carbon 

molten carbonate cells it will apparently be a 3-way tradeoff 

between losses, output, and CO/CO2 balance. 

Based on the modeling, the cell and plant described here 

appear to have good potential for utility-scale power produc-

tion.  The chief limitations of the modeling are in the assump-

tion that the cell is isothermal and in the uncertainty of evaluat-

ing two parameters – CO2 fraction and cell internal efficiency – 

that lump together many complicated non-idealities.   

Further work is needed, including: 

Detailed modeling of processes within the porous bed cell. 

Study of factors affecting the CO/CO2 balance in direct car-

bon molten carbonate fuel cells. 

Development of more data on thermodynamic and transport 

properties in molten carbonate melts. 

Construction of laboratory-scale versions of the porous bed 

anode and cathode. 

Modeling of processes within the porous bed cell is now pro-

ceeding at Virginia Tech. 
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