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Disclaimer 
 

This report was prepared as an account of work sponsored by an agency of the United States 

Government. Neither the United States Government nor any agency thereof, nor any of their 

employees, makes any warranty, express or implied, or assumes any legal liability or 

responsibility for the accuracy, completeness, or usefulness of any information, apparatus, 

product, or process disclosed, or represents that its use would not infringe privately owned 

rights. Reference herein to any specific commercial product, process, or service by trade 

name, trademark, manufacturer, or otherwise does not necessarily constitute or imply its 

endorsement, recommendation, or favoring by the United States Government or any agency 

thereof. The views and opinions of authors expressed herein do not necessarily state or 

reflect those of the United States Government or any agency thereof.  

 

ABSTRACT 

Hydrogen production cannot be maximized from fossil fuels (gas/coal) via the WGS reaction 

at high temperatures as the WGS-equilibrium constant KWGS (= [CO2][H2]/[CO][H2O]), falls 

with increasing temperatures. However, CO2 removal down to ppm levels by the carbonation 

of CaO to CaCO3 in the temperature range 650-850oC, leads to the possibility of 

stoichiometric H2 production at high temperature/pressure conditions and at low steam to fuel 

ratios. Further, CO2 is also captured in the H2 generation process, making this coal to 

hydrogen process compatible with CO2 sequestration goals. While microporous CaO 

sorbents attain <50% conversion over cyclical carbonation-calcination, the OSU-patented, 

mesoporous CaO sorbents are able to achieve >95% conversion. Novel calcination 

techniques could lead to an ever-smaller footprint, single-stage reactors that achieve 

maximum theoretical H2 production at high temperatures and pressures for on/off site usage. 

Experimental results indicate that the PCC-CaO sorbent is able to achieve complete 

conversion of CO for 240 seconds as compared to only a few seconds with CaO derived from 

natural sources. 
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EXECUTIVE SUMMARY 

 
Thermodynamic calculations were performed to determine the relationship between the 
reaction temperature and the equilibrium partial pressures of H2O (PH2O) and partial pressures 
of CO2 (PCO2) for the hydration and carbonation reactions. From these calculations it was 
determined that for typical gasifier moisture compositions ranging from 12-20 atm (PH2O), 
the hydration of CaO occurs for all temperatures below 550–575 oC, respectively. By 
operating above these temperatures, the CaO-hydration can be prevented. Similarly, 
calculations indicate that for typical gasifier PCO2 of 0.4-4.3 atm., the equilibrium 
temperatures corresponding to 830–1000 oC respectively. Thus, by operating below these 
temperatures, we can effect the carbonation of CaO. For the reversible sulfidation of CaO, 
the thermodynamic calculations depend on the concentration of moisture in the system. For a 
typical operating temperature range of 800-1000 oC the equilibrium H2S concentration is 
between 5700-1700 ppm respectively for 20 atm PH2O and a total pressure of 30atm. 
Consequently, at 800 oC we need more than 5700 ppm H2S for the sulfidation of CaO to 
occur. This number changes to 570 ppm for a PH2O of 2 atm at 800 oC. Thus, by changing the 
moisture/steam concentration in the system the sulfidation of CaO can be prevented from 
occurring.   
 
The characterization of the high temperature shift (HTS) catalyst in a BET analyzer revealed 
a surface of 85 m2/g and a total pore volume of about 0.3 cc/g in which the majority of the 
pores occured around 180 Å. In contrast, the low temperature shift (LTS) catalyst has a BET 
surface area of 52 m2/g and a total pore volume of about 0.1 cc/g and the majority of these 
pores were found to occur around 37 Å. The surface areas (SA) and pore volumes (PV) of the 
three different CaO precursors were also determined and showed that PCC had a SA of 
49.2m2/g compared to 1.9m2/g for Linwood carbonate. However, upon calcination and 
subsequent hydration, the SA of the calcium hydroxide (LH) fines increased to 13.9m2/g as 
can be observed for the LH sample. The porosity is maximized in the microporous range (30-
50 Å range). In contrast, the SA/PV of the morphologically altered PCC are much higher and 
most of the porosity lies in the 100-300 Å range.  
 
The HTS catalyst was tested for its catalyst activity towards the WGS reaction between 500-
700 oC. Blank runs (without any sorbent) were performed in a reaction mixture comprising of 
3% CO and 9% H2O, the balance being 5.0 grade N2. The catalyst activity increased 
monotonically with increasing reaction temperature. The CO conversion increased from 
24.3% at 500 oC to 69.3% at 550 oC and reached about 80% at 600 oC. Beyond 600 oC the 
conversion remained steady at ~78% at 700 oC. Thermodynamic equilibrium (Keq) values 
were calculated and compared to observed values (Kobs) which shows that we are operating 
in regions below the thermodynamic equilibrium. At 500 oC the Kobs is 0.028 while the 
corresponding Keq is 4.77. Keq monotonically decreases with increasing temperature. In 
contrast, Kobs increases with temperature for our operating conditions. Thus, at 600 oC the 
Kobs increases to 1.4 while the Keq moves down to 2.5. This trend continues and it is clearly 
evident from the figure that the system moves closer to equilibrium as we progressively 
increase the temperature from 500 to 700 oC. 
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The sorbents were initially tested for catalytic activity towards WGSR and CO conversion 
without any HTS catalyst from 500-700 oC. This would obviate the need for any catalyst in 
the system. However, detailed investigation resulted in very miniscule activity and hence it 
was concluded that HTS catalyst was required for further combined reaction testing.  
PCC and LH sorbents in combination with HTS catalyst were tested for their activity towards 
enhancing the WGSR. The sorbents were initially calcined at 700 oC in flowing N2. The 
reaction temperature was lowered to 600 oC and the reaction gas mixture was allowed to flow 
through the system. The PCC system gave almost 100% conversion for the first 240 seconds 
(4 min) while the LH sorbent system sustained this conversion only in the initial few 
seconds. Subsequently, the PCC system gave about 90% CO conversion at 1000 seconds 
(16.5 min) followed by 85% in 1600 seconds (27 min). In contrast, the LH system gave about 
90% CO conversion at 900 seconds (15 min), followed by 85% in 1200 seconds (20 min). 
Both the sorbent systems gradually achieved their maximum loading capacity with time and 
finally at around 2500-3000 seconds they reached their breakthrough loading. Beyond the 
CO conversion remained at 81% corresponding to that obtained with just the catalyst at 600 
oC indicating that the sorbents were spent. Hence, these results indicate that PCC-CaO 
performance dominated over that of LH-CaO at any given time. 
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INTRODUCTION 

 There has been a global push towards the development of a hydrogen economy. The 

main premise behind this drastic alteration in our energy usage stems from the fact that the 

use of hydrogen in portable and mobile applications would be the most environmentally 

beneficial process that leads only to the emission of water. However, the biggest issue that 

needs to be addressed for the success of the hydrogen-based economy involves the source of 

hydrogen itself. While hydrogen may be considered as the best “carrier” of energy, there is 

clearly no hydrogen “wells” on earth. The major processes for hydrogen production from 

fossil fuels consist of steam reforming of methane (SMR), coal gasification, catalytic 

cracking of natural gas, and partial oxidation of heavy oils.  Other processes consist of water 

electrolysis, thermo chemical water decomposition, biological processes, etc.  (Rosen and 

Scott, 1998; Rosen, 1996). However, water electrolysis is not a very energy efficient process.   

Water gas, a mixture of CO, CO2, H2O and H2, is formed by the gasification of coal 

by sub-stoichiometric air and/or steam. Irrespective of the initial concentration of these four 

gases, the reversible water gas shift (WGS) reaction gets initiated until the exact ratio of the 

concentration of these gases reaches a particular equilibrium constant KWGS that is a function 

of temperature. The WGS reaction and its equilibrium constant can be written as: 

 

WGS Reaction: CO + H2O <=> CO2 + H2  ∆H = - 40.6 kJ/mol  (1) 

 

WGS equilibrium constant: 2
2

22 8001.15628.69.812
]][[
]][[

T
e

T
e

OHCO
HCO

KWGS
+++−==  (2) 

 

where T is in oC. From equation (2), it can be observed that KWGS reduces with increasing 

temperature. This means that processes aimed at converting coal-derived gas to hydrogen at 

high temperatures are thermodynamically restricted. While catalysts aid in achieving this 

equilibrium, they cannot alter the value of K to provide a higher hydrogen yield. An effective 

technique to shift the reaction to the right for enhanced hydrogen generation has been to 

remove hydrogen from the reaction mixture. This premise has lead to the development of 

hydrogen separation membranes. However, membranes cannot completely remove hydrogen 
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from the mixture. Any remaining hydrogen would dilute CO2 after its utilization in either a 

fuel cell or gas turbine.  

 Another option for driving the WGS reaction forward is to remove CO2 from the 

reaction mixture by reacting it with CaO. The carbonation reaction can be written as: 

 

Carbonation Reaction: CaO + CO2 � CaCO3  (∆H = - 183 kJ/mol)  (3) 

 

Under the appropriate reaction temperature, CO2 concentration can be lowered down to ppm 

levels by reaction (3), thereby enabling the maximum production of hydrogen from carbon 

via reaction (1). By conducting the reaction such that CO is the limiting reactant, we can 

ensure complete utilization of the fuel as well. Besides these advantages, CO2 is 

simultaneously removed from the gas mixture in the form of CaCO3, thereby improving the 

purity of the hydrogen stream (the other contaminant being only water). The spent sorbent 

can then be calcined separately to yield pure CO2 stream, which is then amenable for 

compression and liquefaction before its transportation to sequestration sites. Calcination 

reaction, reverse of the carbonation reaction can be written as: 

 

Calcination Reaction:  CaCO3�CaO + CO2  (∆H = + 183 kJ/mol)  (4) 

 

The resulting CaO sorbent is recycled to capture CO2 in the next cycle. This cyclical CCR 

process can be continued so long as the sorbent provides a satisfactory CO2 capture.   

 To obtain high purity H2, the WGS reaction is generally carried out in two stages for: 

(1) high temperature shift (250-500 oC) using iron catalysts and (2) low temperature shift 

(210-270 oC) using copper-based catalysts (Gerhartz, 1993; Bohlbro, 1969). Copper based 

catalysts are extremely intolerant to small quantities of sulfur (< 0.1ppm) and hence the fuel 

gases need to be desulfurized upstream of the WGS reactor.  Besides, to achieve satisfactory 

carbon monoxide conversion a considerable quantity of high-pressure steam is required.  For 

example, to lower the CO content of the typical fuel gas from 45 % (inlet) to 3% (outlet) a 

total steam addition of 1.18 kg/m3 of the gas is required, at a total pressure of 60 bar and 410 
oC (Gerhartz, 1993).  The steam to CO ratio at 550 oC can be as high as 50 during a single-

stage operation or 7.5 for a more expensive dual-stage process to obtain 99.5 % pure H2 
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(David, 1980). This is necessary due to the equilibrium limitation inherent in the WGS 

reaction.  From the point of view of H2 production, even though higher temperatures lead to 

improved kinetics, WGS has poor equilibrium conditions at the higher temperatures. 

However, the continuous removal of the carbon dioxide product from the reaction chamber 

will incessantly drive the equilibrium-limited water-gas shift reaction forward.  This will 

ensure a high yield and purity of hydrogen with near stoichiometric amounts of steam needed 

for the reaction.  Besides, the reaction can now be carried out at higher temperatures leading 

to superior kinetics in the forward direction. Thus the major equilibrium related drawback in 

this process could be overcome.  The continuous CO2 removal can be brought about by the 

carbonation reaction of a metal oxide to give the corresponding metal carbonate. We have 

identified a high reactivity, mesoporous calcium oxide as the potential sorbent for the in-situ 

CO2 capture given by eqn. 3. 

 The success of this process would effectively bridge coal gasification to fuel cell 

usage and chemical synthesis. Other side benefits of this process involve the potential for 

removal of sulfur and heavy metals such as arsenic and selenium from the fuel gas stream.  

 Recently, Harrison and co-workers reported a single-step sorption-enhanced process 

to produce hydrogen from methane (Balasubramanian et al., 1999; Lopez Ortiz and Harrison, 

2001). They used the traditional concept of SMR with WGS using Ni-based catalyst to 

produce hydrogen, coupled with this novel scheme of in-situ continuous CO2 capture using a 

calcium-based dolomite sorbent. They obtained high hydrogen yields with 97 % purity (dry 

basis).  

 However, they reported a low “calcium” conversion in the sorbent of about 50% at 

the beginning of the breakthrough to about 83% at the end of the test. These conversion 

calculations are based on only the calcium portion of their dolomite sorbent. Their total 

sorbent conversion will be much lower than these values as dolomite does not entirely 

contain calcium based material. In fact, dolomite comprises of nearly 50wt.% calcium, which 

participates in the reaction to some extent, and the remaining portion of the sorbent (mainly 

magnesium oxide) stays unreacted.  Further, they attribute the incomplete conversions of the 

calcium material to the concept of pore filling and pluggage at the pore-mouths of these 

sorbent particles by CaCO3 product layer, preventing the access of CO2 in the gas to 

unreacted CaO surface at the pore interiors.  
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 Harrison and co-workers regenerated the dolomite sorbent in streams of N2, 4%O2 in 

N2 and pure CO2.  They had to use high regeneration temperatures of 800-950 oC, especially 

while using pure CO2. Exposure of the reforming catalyst to an oxidizing atmosphere (viz. 

O2/N2 or CO2) while regenerating the sorbent used to oxidize the Ni catalysts to NiO. Hence, 

the catalyst had to be reduced back to Ni before every cycle or the sorbent-catalyst mixture 

had to be separated after every run so that only the sorbent is subjected to the regeneration 

conditions. Further, the temperature of operation can be lowered by regeneration in a pure N2 

stream. However, it would not solve the problem of CO2 separation due to the formation of a 

CO2/N2 gas mixture.  Calcination in a pure CO2 stream will result in higher operating 

temperatures due to the thermodynamic limitations of the calcination reaction in presence of 

the CO2 product. Higher temperatures and the presence of CO2 during calcination would 

cause the sorbent to sinter. This is in agreement with the results of multiple carbonation-

calcination cycle tests for dolomite by Harrison and co-workers (Lopez Ortiz and Harrison, 

2001) in pure CO2 stream (800-950 oC). They observed a decrease in “calcium” conversion 

from 83 % in the 1st cycle to about 69 % in the 10th cycle itself. However, a mesoporous high 

suface area calcium based sorbent (precipitated calcium carbonate, PCC) developed at OSU 

has undergone 100 cycle experiments. The PCC sorbent has shown 85% conversion in the 1st 

cycle 66.7% in the 10th cycle and 45.5% in the 100th cycle towards carbonation.  These 

experiments were carried out in a TGA at 700oC in a 10% CO2 stream in the carbonation 

cycle and 100% N2 gas in the calcination cycle, with 30 minute residence times for each 

cycle.  Therefore this project aims testing this PCC based sorbent towards further enhancing 

the WGSR and overcoming some of the problems faced by Harrison and co-workers.  

 

Project Vision  

One of the tasks performed in the first year of the project includes the development of a 

process flow sheet depicting the project vision. The flow sheet shown in Figure 1 integrates 

the Calcium-based reactive separation process under development in this project with a coal 

gasifier based electric power/chemical synthesis process plant. The main coal gasifier 

consists of a high pressure and high temperature unit that allows contact between coal, steam 

and air/pure oxygen in a variety of schemes. Typical fuel gas compositions from various 

known coal gasifiers are shown in Table 1. Once the water gas mixture is formed at the exit 
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of the gasifier, CaO fines are injected into the gas duct that react with the CO2 present in the 

gas mixture leading to the formation of solid CaCO3. As the fuel gas flows past the WGS 

catalyst monoliths, the WGS reaction is effected forming more CO2 in the process. The 

entrained CaO particles react with the incipiently formed CO2 gas, thereby allowing further 

catalysis of the WGS reaction to occur. This process can be tailored to attain as high a H2 

concentration as possible. At the exit of the WGS reactor, the reacted CaCO3 particles are 

captured using a high temperature solids separator (e.g., a candle filter or a high temperature 

ESP) and separated fuel gas stream. The spent solids are now sent to a rotary calciner to 

thermally decompose the CaCO3 back to CaO and pure CO2. The high purity CO2 gas can 

now be economically compressed, cooled, liquefied and transported for its safe sequestration. 

The rotary calciner allows the calcium particles to remain segregated, which is crucial in 

maintaining a sorbent structure characterized by a higher porosity. It was previously 

observed in our studies that heaping of calcium sorbents leads to a lower porosity and 

consequently a lower reactivity over the next carbonation cycle. The calcination of the 

sorbent can also be effected under sub-atmospheric conditions that allow the removal of CO2 

as soon as it is formed from the vicinity of the calcining sorbent, thereby aiding further 

calcination. This vacuum can be created by means of ejector systems that are widely used in 

maintaining vacuum in large vacuum distillation units (VDU) in the petroleum refining 

industry. Lock and hopper combinations and appropriate seals ensure that the sorbent can be 

effectively separated from the CO2 stream and re-entrained in the fuel gas duct. The 

hydrogen enriched fuel gas can now be used to generate electric power in a fuel cell or used 

to make fuels and chemicals without any low temperature clean up.  
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Figure 1 Flow
 sheet depicting the integration of the current process in the overall coal-gasifier electric production facility.   
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Thermodynamic analysis 

Primarily three important gas-solid reactions can occur when calcium oxide (CaO) is 

exposed to a fuel gas mixture obtained from coal gasification. CaO can undergo hydration, 

carbonation and sulfidation reactions with H2O, CO2 and H2S, respectively. These can be 

stoichiometrically represented as:  

 

Hydration:   CaO + H2O ���� Ca(OH)2       (5) 

Carbonation:   CaO + CO2 ���� CaCO3          (6) 

Sulfidation:   CaO + H2S ���� CaS  +  H2O      (7) 

 

All these reactions are reversible and the extent of each of these reactions depends on 

the concentrations of the respective gas species and the reaction temperature. Detailed 

thermodynamic calculations were performed to obtain equilibrium curves for the partial 

pressures of H2O (PH2O), CO2 (PCO2) and H2S (PH2S) as a function of temperature, for the 

hydration, carbonation, and sulfidation reactions using HSC Chemistry v 5.0 (Outokumpu 

Research Oy, Finland). The equilibrium calculations were based on the fuel gas compositions 

that are typical of the different types of coal gasifiers. The details of the fuel gas mixtures are 

illustrated in Table 1.  

 

Table 1: Typical fuel gas compositions obtained from different gasifiers. (Stultz 

and Kitto, 1992)  
Moving Bed, dry Moving Bed slagging Fluidized Bed Entrained Flow, slurry Entrained Flow, dry

Oxidant air Oxygen Oxygen Oxygen Oxygen
Fuel Sub Bituminous Bituminous Lignite Bituminous Bituminous
Pressure (psi) 295 465 145 615 365
CO 17.4 46 48.2 41 60.3
H2 23.3 26.4 30.6 29.8 30
CO2 14.8 2.9 8.2 10.2 1.6
H2O … 16.3 9.1 17.1 2
N2 38.5 2.8 0.7 0.8 4.7
CH4+ HCs 5.8 4.2 2.8 0.3 …
H2S + COS 0.2 1.1 0.4 1.1 1.3

 

The relationship between the reaction temperature and the equilibrium partial 

pressures of H2O and CO2 for the hydration and carbonation reactions are shown in Figure 2 

(a). For a typical gasifier moisture composition ranging from 12-20 atm (PH2O) the hydration 

of CaO occurs for all temperatures below 550–575 oC, respectively. By operating above 
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these temperatures, the CaO-hydration can be prevented. Figure 2 (b) shows the typical 

equilibrium CO2 partial pressures (PCO2) as a function of temperature. From the data in Table 

1, it can be inferred that the typical PCO2 in the gasifiers ranges from 0.4-4.3 atm for entrained 

flow (slurry) and entrained flow (dry) gasifier systems respectively. The equilibrium 

temperatures corresponding to those PCO2 lie in the 830–1000 oC range as shown in Figure 2 

(b). Thus, by operating below these temperatures, we can effect the carbonation of CaO. For 

the reversible sulfidation of CaO (eqn 7) the thermodynamic calculations depend on the 

concentration of moisture in the system. Hence, Figure 3 depicts the equilibrium H2S 

concentrations in ppm for varying moisture concentrations (PH2O) and 30 atm total pressure. 

For a typical operating temperature range of 800-1000 oC the equilibrium H2S concentration 

is between 5700-1700 ppm respectively for 20 atm PH2O. Consequently, at 800 oC we need 

more than 5700 ppm H2S for the sulfidation of CaO to occur. This number changes to 570 

ppm for a PH2O of 2 atm at 800 oC. Thus, by changing the moisture/steam concentration in the 

system we can prevent the sulfidation of CaO from occurring.   
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Figure 2: Thermodynamic data for predicting the temperature zones for hydration and 

carbonation of CaO 
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Figure 3: Thermodynamic data for predicting the equilibrium H2S concentration for 

CaO sulfidation with varying steam concentration (PTotal = 1 atm) 
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EXPERIMENTAL 

Sorbent and Catalyst Characterization 

The high and low temperature water gas shift (WGS) reaction catalysts were procured 

from Süd-Chemie Inc., Louisville, KY. The high temperature shift (HTS) catalysts comprises 

of iron (III) oxide supported on chromium oxide. Precipitated calcium carbonate (PCC) was 

synthesized by bubbling CO2 through a slurry of hydrated lime. The neutralization of the 

positive surface charges on the CaCO3 nuclei by negatively charged N40V molecules forms 

CaCO3 particles characterized by a higher surface area/pore volume and a predominantly 

mesoporous structure. Details of this synthesis procedure have been reported elsewhere 

(Agnihotri et al., 1999). Hydrated lime from a naturally occurring limestone (Linwood 

Hydrate, LH) and a naturally occurring limestone (Linwood Carbonate, LC) was obtained 

from Linwood Mining and Minerals Co.  

The sorbents and catalyst were analyzed to determine their morphologies using a BET 

analyzer. The BET surface areas, pore volumes, and pore size distributions of the catalysts 

and sorbents were measured at –196 oC using nitrogen as the adsorbent in a Nova 2200 

Quantachrome BET analyzer. Special care was taken to ensure that all samples were vacuum 

degassed at 250 oC for 5 hours prior to BET analysis. 

 

WGS Reactor Setup 

A reactor setup was designed, underwent several iterations and was assembled to 

carry out water gas shift reactions in the presence of CaO and catalyst.  The reactor design 

assembly used to carry out these experiments is shown in Figure 4.  This setup enables us to 

carry out both the water gas shift reaction in the presence of CaO as well as the regeneration 

of the sorbent in flowing gas such as nitrogen and/or steam. The setup consists of a tube 

furnace, a steel tube reactor, a steam generating unit, a set of gas analyzers for the online 

monitoring of CO and CO2 concentrations, a condenser to remove water from the exit gas 

stream and a high pressure water syringe pump.  

All the reactant gases are metered using modified variable area flowmeters. The 

syringe pump is used to supply very accurate flow-rates of water into the heated zone of the 

steam-generating unit in the 0.01-0.5 ml/min range. Once the steam is generated, it is picked 

up by the CO/N2 gas mixture and enters the main reactor where the sorbent/ catalyst mixture 
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is loaded. All the lines connecting the steam-generating unit to the main reactor are heated 

using heating tapes. The steam generator is also packed with quartz wool in order to 

distribute the water drops as they enter into the heating zone. The packing is utilized in order 

to provide greater surface for water evaporation and to dampen out fluctuations in steam 

formation. The main problem with a fluctuating steam supply is that the gas analyzers used to 

measure the exit CO and CO2 concentrations are sensitive to gas flow rates. Even though the 

steam is being condensed out before the gas is sent into the analyzers, surges in the steam 

supply still affect the overall gas flow rate, causing the CO and CO2 readings to fluctuate. 

The packing ultimately ensures a more continuous and constant overall gas flow rate into the 

main reactor and into the analyzers.  
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Figure 4: Modified reactor setup with steam generating unit for investigating WGS and 

carbonation reactions 
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A steel tube reactor is used to hold the Ca-based sorbent and catalyst, and is kept 

heated using a tube furnace. The sorbent loading unit of the reactor is detachable which 

enables easy removal and loading of the sorbent and therefore minimizes the sorbent loading 

time between runs. Also, the sorbent can be changed without having to cool down the entire 

reactor. The gas mixture entering the reactor is preheated to the reaction temperature before 

contacting the sorbent/ catalyst particles. The gases exiting the reactor first flow through a 

condenser in order to separate out the moisture and then to a set of gas analyzers.  

 

Sub Atmospheric Calcination Reactor Setup 

Once the Calcium based sorbent has reacted with the CO2 being produced by the WGSR, the 

sorbent has to be regenerated for further use in subsequent cycles.  During the regeneration of 

the sorbent, carbon dioxide is released from the sorbent.  In order to minimize the necessity 

for further treatment of this released CO2 before sending it to sequestration sites, it is 

necessary to regenerate the sorbent such that a pure stream of CO2 is released.  Vacuum 

calcination provides one method for ensuring that concentrated streams of CO2 are release in 

the regeneration phase. The detailed setup is shown in Figure 5. This setup was assembled to 

handle the regeneration of large quantities of sorbent (~10-20g per batch). The setup includes 

an alumina tube reactor, which would hold the sorbent samples in a split tube furnace that 

provides the heat necessary to calcine the sorbent, two Non Dispersive Infra Red (NDIR) 

analyzers to monitor the CO2 concentration (ranges 0-2500ppm and 0-20%) and two vacuum 

pumps.  10g of sorbent yields about 2.4L of CO2 at atmospheric pressure and temperature 

over the entire decomposition process. This gas needs to be diluted with air in order to ensure 

that the CO2 concentration lies in the detection range of the CO2 analyzers.  Vacuum Pump 1 

is a dry vacuum pump procured from BOC Edwards capable of achieving vacuum levels as 

low as 50mtorr and gas flowrates of 6m3/hr.  The CO2 analyzers have their own inbuilt 

pumps and are capable of drawing up to 2LPM from the header for online CO2 analysis. The 

second pump is a smaller dry pump and is put in place to ensure that there is no pressure 

buildup in the ¼” lines connecting the vacuum pump to the analyzers.  The temperature of 

the furnace is controlled with a thermocouple inserted into the central zone of the furnace.  

The temperature of the reactor was also monitored using a second thermocouple inserted into 

the center of the alumina tube.  The setup is also capable of combining vacuum calcination 
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with flow of sweep gas.  As it may not be feasible to supply very low vacuum levels for the e 

calcination of the sorbent in industrial settings, it may be necessary to study the calcination 

process in combination with the addition of various sweep gases such as N2/ steam.  Pressure 

gauges and volumetric flow meters are included to monitor the vacuum pressure in the 

reactor, the pressure in the ¼” lines and the flows of the sweep gases into the calciner and the 

flow of the air used in the dilution of the exhaust CO2 before sending it to the analyzers.  The 

analyzers are also connected to a data acquisition system that can record analyzer readings 

every second.  
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Figure 5:  Setup for combined Vacuum/ Sweep Gas Calcination Experiments allowing  

the use of larger sorbent samples 
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RESULTS AND DISCUSSIONS 

 
Catalyst and Sorbent Characterization 

The characterization of the high temperature shift (HTS) catalyst in a BET analyzer 

revealed that the catalyst has a BET surface area of 85 m2/g and a total pore volume of about 

0.3 cc/g. The majority of the pores were found to occur around 180 Å as evident from the 

maximum in its pore size distribution plot shown in Figure 6. In contrast, the low 

temperature shift (LTS) catalyst has a BET surface area of 52 m2/g and a total pore volume 

of about 0.1 cc/g. The majority of these pores were found to occur around 37 Å as evident 

from the maximum in its pore size distribution plot (Figure 6).  
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Figure 5:  Pore size distribution of the HTS and LTS obtained from BET analysis 

 

The surface area (SA) and pore volume (PV) of the three different CaO precursors are 

provided in Table 2. Figure 7 shows the pore size distribution (PSD) of these precursor fines. 

It can be seen that LC fines do not have high SA/PV. However, upon calcination and 

subsequent hydration, the SA/PV of the calcium hydroxide (LH) fines increase as can be 

observed for the LH sample. The porosity is maximized in the microporous range (30-50 Å 
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range). In contrast, the SA/PV of the morphologically altered PCC are much higher. Further, 

most of the porosity lies in the 100-300 Å range.  

 

Table 2: Morphological properties of the natural and synthesized CaO precursors 

obtained from BET analyses. 

Sorbent 
Surface Area 

(m2/g) 

Pore Volume 

(cc/g) 

Linwood Carbonate (LC)  1.5 0.004 

Linwood Hydrate (LH) 13.9 0.050 

Precipitated Calcium Carbonate (PCC) 49.2 0.170 
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Figure 7:  Pore Size Distribution of various calcium oxide precursors 

 

 

Water gas shift reaction (WGSR): Catalyst Testing and Analysis 

 

The HTS catalyst was tested for its catalyst activity towards the WGS reaction 

between 500-700 oC. Blank runs (without any sorbent) were performed in a reaction mixture 

comprising of 3% CO and 9% H2O, the balance being 5.0 grade N2. The total gas flow-rate 
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was maintained at about 1.5 slpm and the steam/CO ratio was set at ~3. Typically about 0.5 

grams of the HTS catalyst was loaded in the reactor prior to each run. The catalyst activity 

increases monotonically with increasing reaction temperature. This is evident from Figure 8 

below. The CO conversion increases from 24.3% at 500 oC to 69.3% at 550 oC. It finally 

reaches about 80% at 600 oC. Beyond 600 oC the conversion does not change much but 

remains steady at ~78% at 700 oC. This might be due to the equilibrium limitations 

governing the WGS reaction scheme is depicted in eqn (8) below: 

CO + H2O � CO2 + H2  (8)  
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Figure 8: Effect of reaction temperature on the CO conversions (0.5 g HTS catalyst, 3% 

CO, H2O/CO ratio = 3, Total flow = 1.5 slpm)  

 

The data were further analyzed to check if the system was operating within the domain of 

WGS equilibrium. The thermodynamic equilibrium constant (K) for any temperature for this 

reaction was computed using the software “HSC Chemistry v 5.0” (Outokumpu Research 

Oy, Finland). The observed ratio was computed from the experimental data by obtaining the 

ratio of the partial pressures of the products and the reactants as per the eqn (9) below: 

                          

    1/Kobs  =       (9)    

 

(PCO) (PH2O
) 

(PH2
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Figure 9 illustrates the effect of temperature on the ratio of partial pressures (Kobs) obtained 

from the experimental data. This is compared with the thermodynamic equilibrium values 

(Keq). From the figure it is evident that we are operating in the region that is below the 

thermodynamic equilibrium. At 500 oC the Kobs is 0.028 while the corresponding Keq is 4.77. 

Keq monotonically decreases with increasing temperature. In contrast, Kobs increases with 

temperature for our operating conditions. Thus, at 600 oC the Kobs increases to 1.4 while the 

Keq moves down to 2.5. This trend continues and it is clearly evident from the figure that the 

system moves closer to equilibrium as we progressively increase the temperature from 500 to 

700 oC. 
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Figure 9: Extent of reaction equilibrium as a function of temperature for the WGS reaction 

 

Combined Carbonation and Water gas shift reaction: Sorbent Testing and Analyses  

 

The combined carbonation and WGS reaction was tested in the reactor assembly used for the 

catalyst testing. The experimental conditions were exactly identical to that used for testing 

the catalyst. The runs were performed in a reaction mixture comprising of 3% CO and 9% 

H2O, the balance being 5.0 grade N2. The total gas flow-rate was maintained at about 1.5 

slpm and the steam/CO ratio was set at ~3. Typically about 0.5-1 g of the HTS catalyst was 

loaded in the reactor prior to each run. Different calcium oxide precursors were tested. 

Naturally occurring limestone, Linwood Carbonate (LC) and the corresponding hydrated 
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lime, Linwood Hydroxide (LH) were obtained from Linwood Mining and Minerals Co. The 

structurally modified calcium carbonate (PCC) was prepared in-house and the details are 

outlined below. 

 

Sorbent testing without catalyst  

 

The sorbents were initially tested for catalytic activity towards WGSR and CO conversion 

without any HTS catalyst from 500-700 oC. This would obviate the need for any catalyst in 

the system. However, detailed investigation resulted in very miniscule activity and hence it 

was concluded that HTS catalyst was required for further combined reaction testing.  

 

Combined reactions with PCC-HTS catalyst system 

 

Typically about 0.5 g of HTS catalyst and 1.5 g of PCC were loaded in the reactor and the 

temperature was ramped till 700 oC in flowing N2. This procedure ensured the calcination of 

the calcium carbonate to calcium oxide and it was monitored using CO2 analyzer. 

Subsequently, the reaction temperature was lowered to 600 oC and the reaction gas mixture 

was allowed to flow through the system. The CO analyzer continuously monitored the CO 

flow through the system and the breakthrough curve depicting the CO conversion with time 

is as shown in Figure 10 below. The system gives almost 100% conversion for first 240 

seconds (4 min) following which the initial reactivity of the sorbent slowly falls to give about 

90% CO conversion at 1000 seconds (16.5 min). The sorbent gradually achieves its 

maximum loading capacity with time and finally at around 2500 seconds (42 min) the 

sorbent reaches its breakthrough loading. Beyond this the CO conversion of 81% 

corresponds to that obtained with only the catalyst at 600 oC. This can be validated from 

Figure 8.  

 

The system was then switched to pure N2 flow and the reaction temperature was increased to 

700 oC to drive the calcination of the CaCO3 formed due to carbonation. Thus the reactions 

occurring in the system are: 
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Reaction phase: 

WGSR:   CO + H2O ���� CO2 + H2    (7)  

Carbonation:   CaO + CO2 ���� CaCO3     (8) 

Regeneration phase: 

Calcination:   CaCO3 ���� CaO  + CO2    (9) 
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Figure 10:   Breakthrough curve depicting the CO conversion for a PCC-HTS catalyst 

system (T = 600 oC, 3% CO, 9% H2O, Total flow = 1.5 slpm) 

 

The termination of the calcination was ensured by monitoring the CO2 released using a CO2 

analyzer. The reaction temperature was again lowered to 600 oC and the sorbent-catalyst 

system was subjected to the reaction mixture for a second reaction cycle. The 2nd cycle CO 

breakthrough curve is also depicted in Figure 10. It is evident from the figure that the CO 

conversion is not as superior as in the 1st cycle. The CO conversion monotonically decreases 

to about 90% in 110 seconds, 80% in 240 seconds and gradually to about 50%. It is 

interesting to note that at the end of the breakthrough the sorbent-free catalytic CO 

conversion of 81% is not achievable. This could be attributed to the loss in the catalytic 

activity after the first regeneration cycle. This is because the catalyst is subjected to CO2, an 

oxidizing atmosphere, during the calcination phase. Thus the deactivated catalyst is not able 

to augment the WGS reaction kinetics and hence we see a poor performance of the sorbent-
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catalyst system in the 2nd cycle. The solitary sorbent has been subjected to numerous 

carbonation calcination cycles and has shown satisfactory performance (Iyer et al, 2004).    

 

Combined reactions with LH-HTS catalyst system 

Typically about 1 g of the HTS catalyst and 1.3 g of LH were loaded in the reactor 

and the temperature was ramped up slowly till 600 oC in flowing N2. This procedure ensured 

the calcination of the calcium hydroxide to calcium oxide. Calcium hydroxide decomposes 

above 400 oC. Subsequently, the reaction gas mixture was allowed to flow through the 

system. The CO analyzer continuously monitored the CO flow through the system and the 

breakthrough curve depicting the CO conversion with time is as shown in Figure 11 below.  

The system gives almost 100% conversion initially to give about 90% CO conversion at 900 

seconds (15 min). The sorbent gradually achieves its maximum loading capacity with time 

and finally at around 3000 seconds (50 min) the sorbent has achieved its breakthrough 

loading. Beyond this the CO conversion of 81% corresponds to that obtained with only the 

catalyst at 600 oC as was shown in Figure 8.  

 The system was then switched to pure N2 flow and the reaction temperature was 

increased to 700 oC to drive the calcination of the CaCO3 formed due to carbonation. 

Subsequently, the reaction temperature was lowered to 600 oC and the LH-CaO/catalyst 

system was subjected to the reaction mixture for a second reaction cycle. The 2nd cycle CO 

breakthrough curve is also depicted in Figure 11. It is evident from the figure that the CO 

conversion is not as superior as in the 1st cycle. The CO conversion monotonically decreases 

to about 90% in 60 seconds, 80% in 180 seconds and gradually to about 30%. It is interesting 

to note that at the end of the breakthrough the sorbent-free catalytic CO conversion of 81% is 

not achievable. This could be attributed to the loss in the catalytic activity after the first 

regeneration cycle. This is because the catalyst is subjected to CO2, an oxidizing atmosphere, 

during the calcination phase. Thus the deactivated catalyst is not able to augment the WGS 

reaction kinetics and hence we see a poor performance of the sorbent-catalyst system in the 

2nd cycle. The solitary sorbent had been subjected to numerous carbonation calcination cycles 

and has shown satisfactory performance over few cycles.    
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Figure 11:  Breakthrough curve depicting the CO conversion for a LH-HTS catalyst system 

(T = 600 oC, 3% CO, 9% H2O, Total flow = 1.5 slpm) 

 

Comparison of the PCC and LH sorbents 

Figure 12 compares the CO conversion breakthrough curves for the PCC and LH 

sorbent-catalyst systems. The curves are for the 1st reaction cycle. The CO conversion at any 

given time for PCC-CaO is always higher than that of LH-CaO. The PCC system gives 

almost 100% conversion for first 240 seconds (4 min) while the LH sorbent system sustains 

this conversion only in the initial few seconds. Subsequently, the PCC system gives about 

90% CO conversion at 1000 seconds (16.5 min) followed by 85% in 1600 seconds (27 min). 

In contrast, the LH system gradually gives about 90% CO conversion at 900 seconds (15 

min) and followed by 85% in 1200 seconds (20 min). Both the sorbent systems gradually 

achieve their maximum loading capacity with time and finally at around 2500-3000 seconds 

they reach their breakthrough loading. Beyond this the CO conversion of 81% corresponds to 

that obtained with only the catalyst at 600 oC. Hence, it is evident from Figure 11 that the 

PCC-CaO performance dominates over that of LH-CaO at any given time. 
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Figure 12:   Comparison of breakthrough curves depicting CO conversion for PCC-HTS  

and LH-HTS systems (T = 600 oC, 3% CO, 9% H2O, Total flow = 1.5 slpm) 

 

CONCLUSIONS 

The enhanced water gas shift reaction for H2 production with in-situ carbonation was studied 

at 600 oC using HTS catalyst and calcium sorbents. A naturally occurring calcium precursor 

(Linwood hydrate, LH) and a modified mesoporous Precipitated Calcium Carbonate (PCC) 

were used for capturing CO2 for two successive cycles. The PCC system gives almost 100% 

conversion for first 4 min followed by 90% at 16.5 min. In contrast, the LH sorbent system 

sustains 100% conversion only in the initial few seconds and gradually gives about 90% CO 

conversion at 15 min. Experimental evidence clearly shows that the PCC-CaO performance 

dominates over that of LH-CaO at any given time.  

 

Current Status of the Project and Summary 

The thermodynamic analysis was completed. A few pieces of equipment are already 

available to us. These include the syringe pump, the furnace and its controller. We have 

already procured a quartz and steel reactor, a vacuum pump, and the two automated switch 

valves and its sequencer. Four mass flow controllers within the required flow ranges for 

controlling CO, H2, CO2 and N2 gas flows have been purchased from Brooks Instruments 

(model 5850E), calibrated and tested. They have been configured to meter gases to the 
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reactor whose pressure varies in the 1-20 bar range. .  The negotiations for the procurement 

of a high-temperature high-pressure Magnetic Suspension Balance from VTI Corporation, 

USA were finalized and the purchase order was placed at a cost of $99,200. The instrument 

will be delivered at the end of December 2004 or early January.  A moisture analyzer for 

monitoring the gas moisture concentration at the inlet of the main reactor, which measures 

moisture concentrations in the range 0-100% by volume, was purchased from Machine 

Application Co. From our research, this is the only analyzer capable of providing direct 

volumetric moisture concentration measurements at temperatures as high as 650oC. This 

analyzer was received, tested and integrated with the existing reactor setup for future WGSR 

tests.  We have already performed some tests using LH and PCC sorbents and HTS catalyst.   

 

Conference Presentation 

Some of the data from this project has been presented in the following conference paper. 

H. Gupta, M. V. Iyer, B. Sakadjian and L.-S. Fan, "Reaction Enhanced Hydrogen Production 

from Water Gas Mixtures." 29th International Technical Conference on Coal Utilization & 

Fuel Systems, April 17-22, 2004, Clearwater, Florida, USA. 
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