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Alternating Copolymerzations of

The basic objectives of this program were to elucidate the fimdamental mechanisms of

Pd(H)~ and Ni(LI)-catalyzed alternating copolymerizations of carbon morioxide with olefins and

to develop and investigate new catalytic systems. Specifically, well-defined organometallic

precursors that yield active catalyst systems were investigated to determine the catalyst resting

state, details of the carbon-carbon bond coupling processes, the kinetics of chain growth, and the

,, modes of chain termination and chain Imnsfer. Proposed transient intermediates were prepared

through independent low-temperature synthesis to veri~ their involvement in the catalytic cycle.

,A
Extensive mechanistic investigations have been completed on the copolymerization of

“ ethylene and carbon monoxide using (phenan~oline)Pd(CH3)( OEt2)%4r g-(Ar = 3,5-

(CFs)&j.Hs_) as the initiators; most of these resuhs have been recently published.l Similar

studies have recently been completed using various substituted styrenes and carbon monoxide

and this work is being prepared for publication.2.. .

A unique method i&olving bidentate ligand exchange at the metal center (without chain

transfer!) has been developed for synthesis of stereoblock alternating copolymers of CO and

styrenes. Mechanistic studies have established details of the exchange process and some of these

results have been communicated.3 Our most recent efforts were focused on detailed mechanistic

studies of ethylene-CO and ct-olefin-CO copolymerizations using a series of Pd(II) complexes

employing various bidentate phosphine Iigands. The well-defined ether complexes
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ABSTRACT
Various strategies have been investigated to develop an efficient and reliable method for
converting hydrocarbon fiels to hydrogen. Steam reforming of hydrocarbon fiels, described by
equations 1-3, is an efficient method for producing hydrogen. The major products observed in
steam reforming are CO, C02, CI& and HZ

CnH. + nH20 + nCO + (n+m/2) H2 -AH”< () (1)

CO + H20 + C02 + H2 -AHO= 9.84 kcal/mole (2)
CO + 3Hz + Cl%I + HzO -AHO= 49.27 kcal/mole (3)

Our objective for this Phase I CARAT effort was to develop a steam reformer that produces high
purity hydrogen from hydrocarbon fuels for use as a fuel in PEM fuel cells. Membrane reactors
are known to work well with equilibrium controlled reactions. In steam reforming, removal of
hydrogen increases the residence time for a given volume of reactor and drives the equilibrium-
limited reactions towards completion, thus improving yields and efficiency. The proposed
prototype reactor combines a steam reformer with hydrogen permeable membranes so that the
hydrogen produced can be extracted through the membranes. The net results are smaller reactors
and lower reaction temperatures. Economically, there are considerable advantages to reducing
the size and lowering the reaction temperature. For example, the reformer can be constructed
from low cost materials. A membrane reactor provides the additional advantage of delivering
pure hydrogen for use in a fiel cell and eliminates any need for shift and PROX reactors to
remove the CO.

During the Phase I effort, we designed a laboratory prototype steam reformer without hydrogen
separation membranes and demonstrated its use with methane, ethanol, and octane. We also
tried commercially available gasoline, but this fuel contained -200 ppm sulfiu that poisoned the
reforming catalyst. Using our steam reforming catalyst, we obtained 100°/0yields of gaseous
products based on the carbon balance. We did not observe any performance degradation after
long term tests; 140 hours for ethanol, 40 hours for octane, and 140 hours for methane using a
steadcarbon ratio of 5. Based on these long term tests, we estimated that the reformer could
operate for about 1000 hours without regeneration, and could meet the DOE target of a 5000
hour lifetime by regenerating the catalyst every 1000 hours.

In collaboration with REB Research and Consulting, we also fabricated a laboratory scale reactor
with hydrogen separation membranes. At 550”C and 400 psig we extracted 78°/0of the hydrogen
produced in reforming ethanol, and with some improvements in catalyst packing, we were able
to extract 88’%of the hydrogen produced in reforming methane at 550”C and 300 psig. We
expected ethanol and methane to be completely reformed at 550”C in the membrane reactor, but
they were not. Therefore, improvements in reformer design are needed which will be
investigated in fidure efforts.

We were successful in reforming all the sulfhr-free fuels tested in the laboratory prototype
reactor. In addition, the hydrogen extracted through the membrane did not contain any
detectable amounts of CO or other impurities. A preliminary cost analysis indicated that the cost
of the membranes must be substantially reduced to meet the DOE cost target of $10/kW.
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1. Phase 10bjectives
Our objective for this effort was to produce high purity hydrogen for use as a fiel in PEM
fuel cells by steam reforming hydrocarbon fuels. The proposed prototype reactor is
illustrated in Figure 1 and was to be fabricated with hydrogen permeable membranes so
that the hydrogen produced during steam reforming can be extracted. The membrane
reactor achieves high efficiencies by combining a steam reformer that generates hydrogen
with a semipermeable membrane that extracts it. Removal of hydrogen increases the
residence time for a given volume of reactor and drives equilibrium-limited reactions
towards completion. The net result is smaller reactors, lower capital cost, and often
fewer side-reactions. Economically, there are considerable advantages to reducing the
size and lowering the reaction temperature. For example, the reformer can be constructed
from low cost materials. A membrane reactor provides the additional advantage of
delivering pure hydrogen for use in a fhel cell and eliminates any need for shift and
PROX reactors to remove the CO.

m“~c

HzSepA”on
Membranes

Figure 1. Schematic of the proposed single-stage fuel processor.

For Phase I, our objectives were to:

●

●

●

●

●

To
●

●

●

●

Design and develop a pressurized single-stage catalytic steam reformer running at
550°C and 300 psig while maximizing production of hydrogen and carbon dioxide.

Select catalyst, design reactor, fabricate, and test
Demonstrate performance for gasoline, ethanol, and natural gas (methane).
Determine pertinent characteristics, such as startup time and load response.
Estimate expected lifetime of reformer.
Perform cost analysis and commercial potential.

accomplish these objectives, the project was divided into the following tasks.
Task 1.
Task 2.
Task 3.
Task 4.

Design and Fabricate Proof-of-Concept Prototype
Laboratory Testing and Proof of Concept.
Cost Analysis.
Management and Reporting.

1
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During this Phase I CARAT project, we focused our effort on designing a laboratory
prototype reactor and on testing the prototype reactor for steam reforming ethanol,
gasoline and methane.

We met our Phase I objectives by:
●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

●

Holding a kickoff meeting at DOE in Washington, DC where it was recommended
that we focus on the steam reforming of ethanol, methane, and gasoline.
Developing a gas chromatographic method to analyze gaseous reforming products to
determine the efficiency of reforming catalysts for forming hydrogen.
Designing a laboratory proof-of-concept prototype reformer without hydrogen
separation membranes.
Purchasing parts and fabricating a prototype laboratory reactor.
Preparing reforming catalyst supported on alumina.
Beginning testing steam reforming of ethanol to test the reactor design.
Calculating equilibrium concentrations of CO, C02, H2 and C& for steam reforming
ethanol at a steardcarbon ratio of 5.
Using the calculated concentrations to guide experiments and determine effectiveness
of reforming catalyst.
Conducting experiments to eliminate carbon formation in the prototype reactor.
Eliminated coking by optimizing the steam and reactor temperatures.
Obtaining 100% yield of gaseous products based on our model.
+observing no degradation in pefiormance after steam reforming ethanol for 140
hours.
Discussing design of prototype membrane reactor Dr. Robert Buxbaum of REB
Research and Consulting (http://www.rebresearch. corn).
Fabricating the prototype reactor with hydrogen separation membranes so that we can
take it apart to test hydrogen extraction performance with several different steam
reforming catalysts before scaling up.
Steam reforming ethanol in a reactor with hydrogen permeable membranes and
observing almost complete conversion of ethanol to Hz and COZ.
Extracting 78% of the hydrogen produced through the membrane at 550°C and 400
psig.
The observed membrane permeance suggests that we can increase the fiel flow rate 3
to 4 times in the 7 membrane reactor and still extract -80Y0 of the hydrogen
produced.
Conducting experiments to steam reform Exxon 87 octane gasoline.
Observing evidence that the sulfhr in gasoline may deactivate reforming catalysts.
Conducting experiments on steam reforming octane.
Observing a pressure increase after 40 hours of steam reforming octane.
Identif@g coke resistant catalysts that should improve reforming of octane and
gasoline.
Conducting steam reforming of methane.
Calculating equilibrium concentrations for reforming methane.

2
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● Running steam reforming of methane in prototype reactor for over 140 hours with no
decrease in performance

● Running steam reforming of methane in prototype reactor with hydrogen separation
membranes.

. Extracting 88% of the hydrogen produced at 550”C and 300psig.

The results that we obtained for the steam reforming of ethanol, gasoline, and methane
are summarized in this report.

2. Background
Various methods have been investigated to develop an efficient and reliable method for
converting gasoline and other hydrocarbon fiels to hydrogen. Hydrocarbons can be
viewed as hydrogen storage materials, and, if the hydrogen can be efficiently extracted,
the hydrogen can be used as a fuel for fiel cell power systems. In this effort, we
investigated steam reforming to produce hydrogen horn ethanol, methane and gasoline.

C.H. + nHzO + CO + (n+m/2) Hz -m” < () (1)

CO + H20 + C02 + H2 -AHO= 9.84 kcal/mole (2)

co + 3H2 + Cfi + HZO -AHO= 49.27 kcal/mole (3)

There are many commercially available catalysts used to promote reactions including
steam reforming. The production of methane is favored at low temperatures and the
reaction forms the basis of several gas-making processes. At low pressures and high
temperatures, hydrogen is favored.

One major problem is that coking of the catalysts can occur as a result of the reactions

2C0 + c + C02 (4)

C&+2Hz+C (5)

These coking reactions (4 and 5) can be minimized by operating with an excess of steam
so that the thermodynamics preclude formation of carbon after establishment of
equilibrium. In addition, steam, hydrogen, and carbon dioxide may gasi~ any carbon
that is produced. Nevertheless, catalyst poisoning by coke formation does occur. The net
accumulation of coke depends on the deposition and removal rates.

The steam reforming reactor designed for this effort was fabricated with hydrogen
selective membranes to separate the hydrogen and shift the equilibrium of the steam
reforming reaction to favor the production of hydrogen. By removing the hydrogen as it
is produced, the equilibrium for reaction 2 is shifted to the right and for reaction 3 is
shifted to the left resulting in reduced methane production. The result of removing
hydrogen as it is formed is that the reaction temperature can be lowered to reduce the
coke deposition rate and extend the useful life of the catalyst.

3



3. Results
3.1 Analysis
We developed a gas chromatographic method to determine the efficiency of the catalytic
reformer. We fitted a Hewlett Packard 5890 GC with a 30 meter Supelco SPB-1
nonpolar methysilicone 0.32 mm ID fused silica capillary column which can separate the
hydrocarbons in gasoline according to their boiling points (maximum temperature of
column = 320°C). A Varian 3300 GC fitted with a HeySep Q packed column was used to
determine the composition of volatile gases produced. The HeySep column effectively
separates the CO, C02, and C1-C(jhydrocarbons. The combination of these two GCS
allowed us to analyze the composition of both gas and liquid phases while the steam
reformer is operating. Therefore, we monitored the efficiency of the reformer versus
operation time, pressure, and temperature very effectively.

3.2 Design of Proto@pe Reformer
As our first priority, we designed a prototype reformer without hydrogen separation
membranes which is illustrated by the schematic diagram shown in Figure 2. We
purchased two high pressure pumps to control the fiel flow rate. We tested the steam
generator, and we converted 7 mL waterhnin to 500°C steam using a 450 watt heater.
The steam generator has a volume of 13 cm3 (6 inch hot zone) with our first prototype.
During our tests, we obtained a constant flow rate and were able to control the pressure at
any desired level with the back pressure regulator. The second steam generator we tried
had a volume of 27.5 cm3 (12 inch hot zone) and we successfully tested it at a flow rate
of 9 mL/min.

\
Steam
Generator

Fuel
Water

Figure 2. Prototype reactor.

Exhaust Burner

‘r
Sample Port

Condensor

4

.,, ,-),.,. ,.m-=.\. . ...>-..%,.,. .=>- ,,. ...”!,..,.,,.>.-.~.~.- .$,.....,.,,,....,: ,,.<~.-. -——>. ,;. ...=.7{ .. -,



3.3 Catalyst Preparation
An alumina supported catalyst was prepared using the incipient wetness method. The
alumina support was l/8th inch spheres that were impregnated with a solution of the metal
nitrate(s). After impregnation, the catalyst was dried and heated to 400°C. The catalyst
was loaded (18g) into the steam reforming reactor and activated under flowing H2 at 500-
600°C for 2 hours.

3.4 Refornling of Ethanol
3.4.1 Equilibrium Concentrations for Ethanol
To calculate the equilibrium concentrations for reforming ethanol, we assume that the
following reaction represents the conversion of ethanol to hydrogen.

CZH50H + 3H@ -+ 2C02 + 6H2 (6)

Under reforming conditions, the following reactions will take place:

C& + H20 + CO + 3Hz (7)

The equilibrium equation can be written as follow:

K*= [pc0]~w]3/[pcH4] [p~O] (9)

K2 = [Pco2]~w]/[Pco] [PH20] (lo)

In our initial tests, the stea.dcarbon ratio was 5, and that at pressure p, the equilibrium
concentration of CI& is x. The equilibrium concentrations can be calculated as follows:

CH.4=X C02= 2-y co= y-x
H2 = 6-3x-y H20 = 7+x+y
Total moles = 15-2x

(y-x)(6-3x-y)3p2/x(7+x+y)(15-2x)2 = KI (11)

(2-y)(6-3x-y)/(y-x)(7+x+y) = Kz (12)

The equilibrium concentrations of dry gases calculated at different pressures at 500”C is
shown in Figure 3. The equilibrium concentrations of hydrogen at different temperatures
and pressures are illustrated in Figure 4.

The main gaseous products produced in the steam reforming of ethanol are C&, Coz,
CO, and H2. The concentration of C02, CO, and Cm were determined directly from the
gas chromatogram. In our experiments, a 1 mL sample of the gas was analyzed by gas
chromatography after the water had been condensed from the effluent gas stream. The

5



TC detector is not very sensitive to hydrogen, so its concentration was determined by
subtraction. Since the volume of each gas is directly proportional to the moles, we
calculated the mole fraction (y) of each gaseous product.

70
60-

G
50-
40- m

*
30-
20!E . w II

10q
00 * —. —..—— ..—. . &

o 100 200 300 400
Pressure (psi)

Figure 3. Calculated equilibrium concentration of gases versus pressure at 500°C.

80

70-
60-
50-
40-
30-
20-
10-
0-
400 450 500 550 600

Temperature (C)

Figure 4. The equilibrium concentrations of H2 versus pressure for HzO/C = 5.

The coefficients for the following reaction were calculated from the data:

XC2H50H + yH20 + aCH4 + bCOz + Cco + ~Z + ecresidual

In our calculations, we have assumed that all of the ethanol is converted to the products
listed in the above reaction and there is no ethanol slip at the conditions used. The
concentration of ethanol reacted (yEtoH)was calculated fiOm the amount of hydrogen
(YH2)produced. We assumed that 100% of the hydrogen in the ethanol was converted to
H2 or CI& and no hydrogen containing products remained in the reactor.

(4*y~~4+ 2*yH2 - 2*y~~)
yEtOH = 6

(13)

YH20 = (14)2*ycoz + yco - yEtOH

Substitution of yEtoHinto equation 14 gives yH20(amount reacted) as a function of COZ,
Cm, CO and Hz:

YH20 = 3*YC02 + 1.5 YCO - YCH4 -0.5 YH2 (15)

6
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Ci. = 2*yE~oI-I (16)

& = YCH4 + Yc02 + YCO (Dry Gases) (17)

‘/iYield (Gaseous Products) = (Cout/Cin)* 100 (18)

The above equation for %Yield determines the conversion of ethanol to gaseous
products. The amount of residual carbon (yc ~~~idu~l= carbon not accounted for as gaseous
products) is equal to 100-%Yield.

Ctot.1 = ycH4 + yc02 + YcO + yC-resid.al (19)

As an example, one experimental result obtained at 400 psig and 600°C produced 0.40
mL Cm; 0.24 mL C02; 0.003 mL CO; and 0.35 mL H2. The coefficients for the reaction
were calculated by the above equations to give:

CZHSOH+ 0.49 HZO + 1.22 Cm + 0.74 C02 + 0.01 CO+ 1.06 Hz + 0.03 &id..l (20)

In this example, the %Yield was 98% and the amount of residual carbon was 2’XO.The
calculated c,~~idu.lcould be due to the formation of coke in the reactor and other
hydrocarbons that we have not accounted for at this point.

3.4.2. Results of Ethanol Steam Reforming Without Hydrogen Separation
In our initial experiments, we steam-reformed ethanol in a reactor without membranes
using the following conditions: stea.dcarbon = 5; flow rate= 3mL/rnin; catalyst and
steam temperature =400, 500 and 600”C; and system pressure= 100psig, 300psig and
400psig. Figure 5 shows the initial data that we obtained for the steam reforming of
ethanol using our reforming catalyst. The products produced are close to the equilibrium
values indicating that our catalyst is active for the reforming of ethanol. Figure 6
summarizes the relationship between temperature, pressure and the concentration of
hydrogen produced.

70

~ 60
c1 OCH4eq ElC02eq ACOeq 0H2eq
* 50
n
z 40

~ 30
z~ 20
c
810- -

o~
400 420 440 460 480 500 520 540 560 580 600

Temperature (C)

Figure 5. Concentrations of H2, CO, C02 and CH4 obtained at 300 psig as a
function of temperature. The equilibrium concentrations (e@ are also plotted.
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As shown in Figure 6, the best yields of hydrogen were obtained at 600° C and 100 psig
which agrees with expectations based on the concentrations predicted from the
thermodynamic calculations. The highest yields of hydrogen are expected at low
pressures. As the pressure increases, the amount of methane increases and the amount of
hydrogen decreases. We will show that in the membrane reactor, the equilibrium is
shifted to favor the production of hydrogen although the reaction is carried out at high
pressure.

E160-70

❑ 50-60

■ 40-50
❑ 30-40
❑ 20-30

8

.,,.,*....,,,,,>mx-,.,,_ . ., .. . .

“/
300

Pressure (psig)

500 ~400
Temperature (C) 400

Figure 6. Plot showing the relationship between pressure, temperature and
hydrogen concentration (’340 of Dry Gases).

In the experiments that we ran using our first prototype reactor shown in Figure 2, the
measured catalyst temperature was higher than the expected inlet steam temperature. To
correct this problem, the first change that we made in the design of the prototype reactor
was to control the steam temperature at the exit of the steam generator instead of at the
middle of the steam generator. After this correction was made in the prototype’s design,
we could control the steam temperature so that it was similar to the catalyst temperature.



The experimental results listed in Table 1 show that we improved our control of reactor
conditions aller changing the point where the temperature is controlled. In addition, the
results indicated that the yield of gaseous products improved at lower catalyst
temperatures as shown by the data listed in Table 1 under the COUt/Cincolumn after the
change in the point where the temperature was controlled.

Table 1. Comparison of controlling the wall temperature or the steam temperature
for the steam reforming of ethanol using the first prototype. EtOH + 10H20 at
6ml/min.

Time Cat Pressure Co’%o CH4% C02’XO H2Y0 C..JCi.
Temp (P @si

Controlled steam generator’s wall temperature Control Temp. = 500”C
1:25 500 0 1.05 25.57 21.77 51.61 83.20
1:40 555 300 1.01 17.40 23.94 57.66 97.21
1:55 553 200 1.91 9.68 22.04 66.37 84.66
2:05 553 200 1.81 9.37 22.32 66.49 86.42
2:20 555 200 1.95 8.80 21.80 67.44 82.44

Changed to control the steam temperature Control Temp. = 500”C
2:50 500 300 0.67 23.61 22.64 53.08 86.33
3:00 500 300 0.54 32.12 23.84 43.49 94.96
3:15 500 300 0.50 30.66 23.79 45.06 94.26
3:20 500 400 0.59 38.14 23.79 37.47 95.35
3:30 502 400 0.60 36.47 23.44 39.49 93.17
3:40 500 400 0.52 37.12 23.92 38.43 95.73

We also ran the reactor using a steam/C ratio of 3 and the results are listed in Table 2.
The yield of gaseous products remained about the same, and the pressure drop between
P1 and P2 (Pigure 2) increased with time indicating that coke was still forming in the
reactor,

Table 2. Reforming of ethanol at a steam/C ratio of 3 and a fuel + water flow rate
3 mL/min.

Time Temp of Pressure COYO C&% C02% H2’Y0 Coutlcin
catalyst (P g)si

2:40 507 50 0.76 39.76 28.04 31.43 126.70
2:50 493 50 0.80 28.83 24.02 42.21 97.29
3:00 499 50 0.79 33.13 24.83 41.25 102.92
3:25 490 50 0.97 26.56 25.99 47.47 105.79
3:43 485 50 1.12 24.57 22.89 51.42 90.53
3:55 485 50 1.07 24.08 22.88 51.96 90.16
4:00 485 50 1.31 24.21 23.12 51.37 93.09
4:15 485 50 1.22 24.87 23.53 50.38 95.71

of

A more important problem was that we observed a pressure drop between the P1 and P2
of 550 psig after 3 hours of operation at 500°C even with a steam/C ratio of 5. This

9



phenomenon led us to believe that the reactor was forming carbon that resulted in
clogging the reactor.

After disassembling the reactor, we found carbon deposits had collected at the inlet to the
reforming reactor. We considered three possibilities: 1) the aluminum silicate fiber used
to hold the catalyst in place was catalyzing decomposition of the ethanol, 2) the ethanol
was thermally decomposed in the steam generator forming carbon that was being
deposited at the inlet to the reforming reactor, or 3) the ethanol was reacting immediately
with the catalyst near the inlet and forming coke.

To test these three hypotheses, we first removed the aluminum silicate fiber from the
reactor and repeated the steam reforming experiment. We observed the same phenomena
and concluded that carbon was forming in the steam generator due to thermal
decomposition of ethanol. To confirm our assumption concerning the source for the
carbon formation, we introduced ethanol after the steam generator as shown in Figure 7
and found a significant improvement. We observed only a 20 psig pressure drop after 3
hours of operation at 500”C. The results are listed in Table 3 and showed an
improvement in the calculated yield (COut/CiJof gaseous products which agrees with the
reduction in carbon deposits.

Reforming Exhaust Burner
Catalyst

/ Condensor

10

~‘-..’.+>,.??-z-—=.:my.,,.T..r,,,+-......./.- .. ..... ...>........A... .,.,,-.. ,-.--,, .,...>,.,..,..,-s,3 .. .... . .. . -.,.,,’.,.<.-f

IHI
‘@u

Heaters

‘n
\

Steam
Generator

I

Water

Figure 7. Redesigned prototype reactor.

We conducted another test to determine if coke is forming on the catalyst nearest the inlet
to the reactor. We still found coke at the inlet to the catalyst bed when we used a steam



temperature of 500°C. Introducing the ethanol at the inlet to the catalyst bed only
reduced the coking rate, but coke still formed resulting in an increasing pressure drop.

Table 3. Results for the steam reforming of ethanol using the 2ndprototype reactor.
EtOH flow rate= 0.73ml/min and H20 flow rate= 2.7ml/min

Time Temp of Pressure COYO cm% C02Y0 H2’M0 Couticin
Cat psig

1:00 531 300 0.61 44.18 23.95 31.26 96.67
1:10 520 300 0.64 37.03 23.57 38.77 94.13
1:23 519 300 0.48 39.17 23.36 36.99 92.47
1:50 513 300 0.40 39.08 23.36 37.15 92.18
2:05 514 300 0.41 34.60 23.78 41.20 94.19
2:15 519 300 0.48 41.05 23.76 34.71 94.90
2:30 519 300 0.37 35.42 23.73 40.49 93.71
2:45 517 300 0.38 36.32 24.12 39.18 96.22
3:00 518 300 0.46 36.26 23.86 39.42 95.03
3:30 516 300 0.41 36.07 24.29 39.24 97.38
3:45 516 300 0.36 35.12 24.24 40.28 96.84
4:00 517 300 0.39 36.95 24.02 38.64 95.69

To filly reach the potential of the membrane reactor, we needed to understand and solve
the coking problem. We considered several ways to minimize coking: one was to run the
reactor at lower temperatures, and the reactor shown in Figure 8 was used to investigate
the effect of temperature on the formation of carbon.
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Figure 8. Reactor used to test coke formation.
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We filled the bottom part of the reactor with the alumina support and the top part with 6
inches of our catalyst supported on alumina. There was a hollow sheath in the middle of
the reactor, which allowed the thermocouple to be moved up and down. This reactor
design allowed us to determine the temperature profile of the catalyst and steam
generator. The catalyst was supported on alumina and the volume of catalyst was 2.65
cubic inches. The catalyst was reduced at 550°C under flowing H2. In the reforming
experiments conducted, the ethano~water ratio was 1:10 giving a carbordsteam ratio of
1/5. The fbel/water flow rate was 3 mL/min.

We ran the reactor at 0,300, and 400 psig (Tables 1 and 2 in Appendix) and measured the
concentration of CO, C02, Cm and H2. The ratios of Pco2/P2cowere calculated to
determine if we were operating within coke free operating conditions. The results
indicated that temperatures between 500 and 630°C at 300 psig should be acceptable as
shown in Figure 91
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Figure 9. Observed PCOJP2C0ratios and calculated equilibrium constants versus
temperature.

The wall and catalyst bed temperature profile was measured at regular intervals by
passing the movable thermocouple through a sheath in the catalyst bed and measuring the
temperature at different points through the bed. The temperature profile measured using
a reactor wall temperature of 400°C at the inlet to the catalyst bed is shown in Figure 10.
At these conditions, the catalyst bed reached a temperature of 530°C at the exit when
reforming ethanol. The catalyst temperature at the exit when only water was present, was
about 600°C. At all positions, the catalyst temperature was lower when ethanol was
introduced than when only water was used. These results show that the reforming
reaction is endothermic. The temperature profile can be used to measure the activity of
catalyst and the active volume at a steam inlet temperatures of -200°C. The differences
between the wall and catalyst temperature are also plotted and listed as ‘Difference’ and
‘Diff EtOH’ for water only and water with ethanol respectively.

After lowering the temperatures, we tested the reactor for reforming ethanol using these
conditions and we found the system was very stable for over 6 hours and there was no
pressure drop through the catalyst bed.
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Figure 10. Temperature profile of catalyst bed at 400°C inlet wall temperature.

Steam reforming of ethanol for 140 hours.
Since we observed stable operation for 6 hours, we used these same parameters to run
continuously for about 140 hours and measured the temperature of the catalyst bed at 1
inch intervals, The results are summarized in Figure 11. The difference between the wall
temperature and the catalyst temperature (Wall-Cat) is also plotted in Figure 11. The
catalyst temperatures measured at the various positions in the catalyst bed are shown in
Figure 12. There was no pressure drop through the catalyst bed for the 140 hour run.
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Figure 11. Temperature profile for the reactor wall and catalyst versus position in
the catalyst bed. Steam inlet temperature was 200°C and the reactor wall
temperature was controlled at 550°C at 4“ from the inlet.

The data suggests that the catalyst activity has changed a little during the 140 hour run.
The inlet temperature remained relatively constant over the 140 hour test while the
temperature at the middle and exit increased a small amount. The temperature at the 2
inch mark decreased indicating that the reforming reaction is more endothermic at that
point than is was at the beginning of the experiment. Since the steam reforming reaction
is endothermic the observed decrease in temperature is expected if the most active region
in the reactor shifts toward the exit as the catalyst ages. However, it appears that our
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temperature data is not accurate enough to draw any conclusions concerning catalyst life
at ttis time.
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Figure 12. Temperature of catalyst at the middle and exit of the catalyst bed versus
time.

We analyzed the products by GC, and the results are illustrated in Figure 13 and listed in
the Table 3 in the Appendix. The gaseous products produced are Cm, CO, C02, and Hz.
The concentration of C02, CO, and C& were determined directly from the GC, and the
hydrogen concentration was determined by calculating the difference assuming that COZ,
CO, Cl&, and H2 are the only products generated.

0 25 50 75 100 125 150

Reaction Time (hours)

Figure 13. Concentration of CH4, C02, and H2 versus time in the product gases at
300 psig. ~

The measured concentrations of CO and C02 are very close to those expected from
equilibrium calculations. The Hz concentration is a little higher and the methane
concentration is a little lower than expected from the equilibrium values. The OAyieldof
gaseous products, which is (Co.t/CiJ*100 from our model, were approximately 100’Yo.

3.4.3 Steam Reforming of Ethanol in Membrane Reactor:
To test the effectiveness of hydrogen separation on the steam reforming process, we used
a tubular type membrane reactor that we had obtained from IU3BResearch and
Consulting. The reactor was %th inch in diameter and was fabricated with seven

14

. ?.: ;.; .-7,:..-<.. . , :.,. . 1, . . . .. ... . . . .. . . . . . ,, ‘ .,. >,. !., .,.,.. , , , . . . . -, -. ,/.. . .’, /,’.-.. 4 .,- t’ ,., . . . . . ,, .-;,,... ... ... .,~. ..: c+.’
—— ,.



hydrogen separating membranes. The metal membranes were palladium coated metal
(Ta)l tubes that were 9 inches long by 3/32ndinches in diameter and had a total effective
surface area for hydrogen separation of 119.6 cm2. These metal membranes are only
permeable to hydrogen. A schematic of the membrane reactor is shown in Figure 14.
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Figure 14. Schematic of the membrane reactor.

The mechanism for hydrogen permeation through these membranes is a multistep process
illustrated in Figure 15 and involves the following steps.

1. adsorption of molecular hydrogen on the Pd surface of the membrane,
2. reversible dissociation of hydrogen on the Pd surface of the metal membrane,
3. diffision of atomic hydrogen through the metal membrane,
4. association of the hydrogen on the Pd surface of the membrane,
5. de-adsorption of the hydrogen molecules to form the permeate.

!)--------->c
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H

+

H,

b+H
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Figure 15. Transport mechanism of hydrogen through a metal membrane.
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Hydrogen diffusion through the membrane is usually the rate determiningg step. Hence
the rate of hydrogen permeation, J, can be expressed as

J= QA (PH0.5- p~5)
t

where Q is the permeation coefficient, A is the surface area, t is the thickness of the
membrane, and PHand PL are the partial pressures of hydrogen on the high pressure side
and the low pressure side of the membrane. An example of the data obtained using the
membrane reactor with 7 membrane tubes is listed in Table 4. The inlet steam
temperature was 300”C.

Figure 16 illustrates the total hydrogen (permeate+ effluent), methane, CO and COZ
concentrations versus reaction pressure that were obtained for reforming ethanol in the
tubular reactors with and without membranes. The obvious conclusion is that more of the
methane produced was reformed in the reactor with hydrogen separation at 550”C and
resulted in a corresponding increase in the amount of hydrogen produced.

Table 4. Results for reforming ethanol in tubular reactor with H2 separation
membranes. Steam tem~erature was -300°C and steam/carbon ratio was 5.0
“c Psig %CH4 %C02 %Co %Hz %Hz Penneance H2 Hz
exit effluent effluent eflluent efiluent permeate mol/m2min Pam Flow Flow

mUnin timin
Calc. obs

550 0 5.5 21.4 3.8 69.3 0 0 0
550 150 13.3 23.9 1.3 35.7 25.7 0.011 374 369
550 200 12.8 24.3 1.1 28.4 33.2 0.009 501 524
550 250 11.6 24.4 0.9 21.6 41.6 0.008 631 638
550 300 10.7 24.8 0.8 20.1 43.7 0.007 709 714
550 380 9.0 23.4 0.7 14.2 52.7 0.006 792 807
550 400 9.5 24.5 0.6 13.8 51.6 0.006 840 829

100 I
Hz Membmne

Max. Hz Cone.
\ I

o 50 100 150 200 250 300 350 400
Pressure (pslg)

Figure 16. Calculated equilibrium and observed concentrations of Hz, CO, COZ,
and CH4 versus reaction pressure at 500°C for reforming ethanol at a steandcarbon
ratio of 5 in the reactor with hydrogen separation membranes.
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The catalyst used in this study was active enough to produce close to equilibrium
concentrations of reforming products under the test conditions. Therefore, the decreased
level of methane and increased amounts of hydrogen produced in the membrane reactor
is related to a shift in the equilibrium due to the removal of hydrogen through the
membrane. The data shows that as the pressure increases, the equilibrium shifts to favor
the complete reforming of ethanol to H2 and C02.

To calculate the amount of hydrogen that passes through the membranes, we assumed
that the yields are similar (1OOYO)in both the reactor with and without hydrogen
separation membranes. We also assumed that the concentration of gases in the effluent
represents the concentration of gases in the reactor at the point permeation through the
membrane reached its maximum rate at the reaction conditions being studied.

Figures 17 and 18 show the partial pressures of H2 inside the reactor (partial pressure of
hydrogen inside the reactor = Pm i. which was calculated assuming no hydrogen removal
from the reactor) and observed in the retentate (PWO.t)versus the reaction pressure. The
bottom curve in Figure 17 illustrates the effect of reaction pressure on the partial pressure
of hydrogen measured in the retentate (effluent) gases (PWoUt).The partial pressure of
hydrogen in the retentate approached 2 atmospheres upon an increase in the reaction
pressure. The partial pressure of hydrogen on the permeate side is 1 atmosphere under all
conditions. The difference between the two curves represents the driving force for
extracting hydrogen through the membrane, and supports the observation that more
hydrogen was extracted ftom the reactor at higher reaction pressures.
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Figure 17. Partial pressure of hydrogen on the reaction side (~) and observed in
retentate (=) as a function of pressure (for the steam reforming of ethanol in the
reactor with hydrogen separation membranes at 550”C).

The results in Figure 18 illustrate the H2 partial pressures inside the reactor (l?Win) and
in the effluent (l?m out ) divided by the reactor pressure. The data shows that the
hydrogen partial pressure in the reactor is still increasing as the pressure increases
indicating that the reaction has not reached completion under these reaction conditions
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(550”C). The partial pressure of H2 in the effluent continues to decrease as the pressure
increases, indicating that more hydrogen is removed through the membrane as the
pressure is increased. However, hydrogen permeation through the membrane is probably
the rate-limiting step.
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Figure 18. Partial pressure of hydrogen in the reactor (~) and observed in the
effluent (-) as a function of pressure (for steam reforming of ethanol in the reactor
with hydrogen separation membranes at 550”C).

Figure 19 shows the flow rate of H2 through the membrane based on experimental results
where 0.025ghnin ethanol was injected into the membrane reactor operating at 550”C.
For the amount of fuel used in this Phase I effort, the maximum amount of Hz produced
was -840 mL/min. No CO was detected in the hydrogen permeate.
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Figure 19. The Hz permeate flow rate as a function of the reaction pressure at
550”C.

Figure 20 illustrates the percentage of hydrogen removed from the reactor as a fi.mction
of pressure. At 400 psig we observed that E78°/0of the hydrogen was removed from the
reactor. The remainder of the hydrogen is discarded with the effluent, but can be
combusted to provide the heat needed for the endothermic reactions.
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Figure 20. Percentage ofhydrogen removed fromthe reactor through thehydrogen
permeable membranes as afunction ofreaction pressure.

Tile Me?izbrane Permeance Calculated from Obsemed Data: Weran the steam
reforming membrane reactor at 550°C at 400 psi (27.7 atm) at a steadcarbon ratio of 5
and obtained the following results:

lCZHSOH + 10 HZO + 0.55 Cm + 1.4 COZ + 0.03 CO + 3.8 Hz + 8.1 HZO (21)

We used 0.73 mL ethanol per min. This volume of ethanol is equal to 0.58 ghnin or
0.0126 molhnin ethanol. We observed that the ethanol is -100% converted to gaseous
products, and we produced 3.8 mole H2 per mole of ethanol or 0.0479 mole of H2 per
min. Complete conversion to H2 would have produced 6 mole of H2 per mole of ethanol.

The total amount of hydrogen produced was= 0.0479 molehnin and our analysis
indicated that we recovered 78?40of the hydrogen or 0.0373 molehnin (840 mL H2/min).

At 400 psi, the partial pressure of H2 in the reactor was 0.345 x 27.7 = 9.55 atm (967,653
Pa) and the partial pressure of H2 in the permeate was 1 atrn (101,325 Pa) assuming that
1 atrn = 101,325 Pa.

N (flux)=
0.0373 mole/min

area = (1’inl’2 - Poutl’2) * @~e~ce)

Where Pi. is the partial pressure of H2 inside the reactor and Poutis the partial pressure of
H2 at the permeate side of the membrane.

[(967,653 Pa)l’2 - (101,325 Pa)l’2 ] * (permeance) =
(984 - 318)Pa1’2* (permeance) = 0.0373 mole/reactor area2 rnin

permeance = 0.000056 mole/area2 min Pal’2

The area available for hydrogen permeation equals:
7 tubes that are 3/32 inch in diameter by 9 inch long = 17.09 cm2 x 7 = 119.6 cm2 =
0.01196 m2



permeance = 0.000056/0.01 196= 0.00468 mole/m2 rnin Pal’2or
7.8 x 10-5mole H2/m2s Pal’2at 550”C.

Buxbauml reported that the expected permeance should be 1.47x 10-3mole Hz/m2s
Pa1J20Our value is 19 times lower. Also, our perrneance values are dependent on the
pressure, and they should be independent of pressure. For example, at 150 psig the
permeance calculated was 1.8x 104 and is only 8 times lower than Buxbaurn’s.

Currently, we do not know why our permeance is lower than Buxbaum’s, but the most
likely explanation for these results is that we are not producing enough hydrogen in the
reactor to observe the maximum permeance that can be obtained. Buxbaum’s values
indicate that we can increase the fuel flow 3 to 4 times to produce more Hz and still
extract >80°/0of the hydrogen produced.

3.5 Steam Refornling of Gasoline
After successfully testing ethanol steam reforming, we started to investigate the steam
reforming of gasoline. The gasoline we are using is 87 octane purchased from Exxon. We
had the gasoline analyzed for C, H, and S, with the following results: C = 85.68’Yo; H =
13.5%; and S = 207 ppm.

We used a 5.5 inch steam generator, and 6 inch long reactor loaded with 18.3g of our
catalyst. The flow rate of gasoline was 0.5 mL/min, and the water flow rate was 2.2
mL/min to give approximately a H20/C ratio of 5. The fbel and water were pumped into
the steam generator which was set for 300”C. The reactor temperature was set as 500”C
at the exit of the reactor. The results are listed in Table 4 in the Appendix.

We observed that there was gasoline slip after a 30 hour run indicating that the catalyst
was deactivated at that point. When we opened the reactor, we didn’t see any carbon
deposits. Most likely the catalyst was poisoned by the sulfbr components in the gasoline
since sulfiu-is a known poison for reforming catalysts. Based on the concentrations of
gaseous products shown in Figure 21, the catalyst’s activity began to change after 20
hours as indicated by the change in the H2 and C& concentrations.

0 5 10 15 20 25 30

Reaction Time (hours)

Figure 21. Concentration of H2, CH4, C02, and CO obtained for reforming gasoline
at 300 psig and 500”C as a function reaction time.
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Since the above results were disappointing, were-tested the steam reforming of gasoline
in our reactor. A gasoline flow rate of 0.5rnL/min, and a water flow rate of 2.2mL/rnin
gave a steam-to-carbon ratio of 5. Fuel and water were pumped into the steam generator,
which was set at 300”C (wall temperature, center of tube). The reactor temperature,
measured at the steam reformer exit, was set at 550”C. We verified our previous test
results for reforming gasoline. The results obtained in a reactor without membranes
versus temperature are illustrated in the Figure 22.
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Figure 22. Steam reforming of gasoline at 300 psig and a steandcarbon ratio of 5.

After 30 hours of steam-reforming gasoline over this catalyst, we ceased to observe
flammable products, indicating the complete deactivation of the catalyst at that point.
We observed no coke in the reactor or on the catalyst when we opened the reactor. This
result was the same as our previous test using gasoline. Since coking is therefore not
responsible for the catalyst deactivation, we conclude that the organo sulfi,u-compounds
in the gasoline poisoned the catalyst.

The gasoline contained 207 ppm sulfbr which very high — certainly high enough to
poison the catalyst under the conditions used in our experiments. Sulfhr is invariably
present as inorganic and/or organic sulfides in naturally occurring feedstocks, and is a
powefil poison for reforming catalysts such as that used in the steam reformer. Organic
and inorganic sulfides poison the primary reforming catalyst, decreasing its activity. As a
result, the reformer begins to run hotter and the methane concentration in the gas leaving
the reformer rises. With a naptha-containing feedstock such as gasoline, the aromatic slip
also increases. If this situation is allowed to continue, it will lead to carbon deposition
(coking), a large pressure drop, and irreversible darnage to the catalyst.

The sensitivity of the reforming catalysts to poisoning increases at lower operating
temperatures. This observation is demonstrated in Figure 23. While poisoning of the
catalyst occurs with about 5 ppm sulfhr at 800°C, concentrations on the order of 0.01
ppm will poison the catalyst at 500°C, because the poisoning process may be represented
as a simple exothermic absorption process.
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It is well known that poisoning by sulfbr is the main factor in the deterioration of steam
reforming catalysts. It is not so well known that that deposition of carbon onto the
catalyst can be reduced or even eliminated if the sulfiu content in the feed gas is reduced
to 5 ppb or less. Means of attaining such high-grade desulfbrization has been disclosed in
U.S. Patents 5,685,890 and 5,130,115.

3.6 Steam Reforming of Octane
Since the main components of gasoline are C(j- Cl. hydrocarbons, we also tested octane
because this hydrocarbon can be purchased essentially suliir free. We will use the
results from steam reforming octane to guide our testing of gasoline. The results of
octane steam reforming are listed in Table 5 in the Appendix and illustrated in Figure 24.

After over 40 hours of continuous octane steam reforming, we observed a small change
in catalyst activity as indicated by a slow increase in the methane concentration and a
corresponding decrease in the hydrogen concentration. We also observed a small
pressure increase after 40 hours indicating coke was forming in the reactor. The
concentration of hydrogen produced from octane is -5-1 0°/0lower than from gasoline.

During the experiment, we also measured the temperature profile of the catalyst bed. At
300 psig, the inlet temperature (steam temperature) of the reactor fluctuated between
440°C and 460°C. Compared with the temperature profile we observed for ethanol steam
reforming, the temperature distribution for octane steam reforming was more uniform.
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Figure 24. Concentration of Hz, CHd, C02, and COobtained forreforming octane
at 300 psig and 500°C as a function of reaction time.

Evidently, the catalyst was rapidly deactivated during the steam reforming of gasoline
which we currently believe is due to sulfi present in gasoline. Even when we steam
reformed octane, we observed evidence of coking under the experimental conditions used
for the present experiments, and there is a small change in catalyst activity from our GC
results for a 40 hour run.

3.7 Steam Reforming of Methane
Steam reforming of methane is described by equations 22 and 23.

Cm + H20 + CO + 3Hz (-AH2gg= -206.2 kJ/mol) (22)
CO + H20 + COZ + Hz (-AH2g8= 41.2 kJ/mol) (23)

The kinetics of catalytic steam reforming of methane have been studied by many
investigators, and the conversion described by reaction 23 occurs very fast so that the gas
consumption may be assumed to be in equilibrium at every point in the reactor. Methane
reforming can be described as a first order reaction, irrespective of operating pressure. At
low temperature the molecular diffision rate is much higher than the reaction velocity so
that, theoretically, the catalyst activity can be filly utilized. If the temperature is high,
the conversion rate is determined by pore diffision, and the catalyst’s efficiency is
reduced. Therefore, large surface catalysts offer an advantage and increase catalytic
activity.

The conversion of methane to hydrogen is limited by chemical equilibrium. It is
enhanced by high temperatures and low pressures and a high steam content. In industrial
plants the temperatures around 800-850°C are used which requires expensive alloys for
the reactors.

The products that are observed in methane steam reforming are CO, C02, and Cm along
with the hydrogen produced. It is not generally appreciated that C02 is the favored
product at low temperatures and the concentration of CO increases as the reaction
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temperature increases. Therefore, temperatures below 700°C are preferred to maximize
the concentration of hydrogen produced and minimize the amount of CO produced.

Economically, there are considerable advantages to lowering the reaction temperature.
Therefore, the reaction should be run at low pressure or in a membrane reactor. In steam
reforming of natural gas, carbon deposition usually does not occur for steam inlet
temperatures less than 650°C. The temperature required for complete consumption of
methane is approximately 650-700°C at Opsig. We expect to achieve these conversion
efficiencies at 500-600°C in our membrane reactor. If a palladium membrane reactor is
used, it provides the additional advantage of delivering pure hydrogen for use in a fhel
cell.

3.7.1 Results of Methane Steam Reforming Without Hydrogen Separation.
We steam reformed methane at various pressures and temperatures using our reforming
catalyst and a stearrdcarbon ratio of 5. The results for reforming methane at O, 100, and
300 psig are summarized in Figure 25 and listed in Tables 6-11 in the Appendix. The
concentrations of CO, C02, Cm, and H2 were determined and were very close to those
expected from equilibrium values. These results indicate that our catalyst is active for the
steam reforming of methane at these temperatures. The results also show that ahnost
100% of the methane can be reformed into H2, CO and COZat 700”C at Opsig.
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we 25. Concentrations of H2 observed for steam reforming of methane.



Long term test for reforming methane
Since short term test went well, we steam reformed methane for 140 hous at 300 psig and
550”C wall temperature, and we analyzed the products by GC. The results are illustrated
in Figures 25. The dry gaseous products produced are CI&, CO, C02, and H2. The
concentration of C02, CO, and Cm were determined directly from the GC, and the
hydrogen concentration was determined by calculating the difference. The concentration
of CO is shown in Figure 26 and the concentrations of C02, C~, and H2 are shown in
Figure 27.
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Figure 26. Observed concentrations of CO during steam reforming of methane.
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Figure 27. Observed concentration of CO, C02, CH4, and H2 for methane steam
reforming.

The measured concentrations of CO and C02 are very close to those expected from
equilibrium calculations. The H2 concentration is a little lower and the methane
concentration is a little higher than expected from the equilibrium values. The %yield of
gaseous products, which is (Cout/Cin)*100 from our model, were approximately 100Yo.

The partial pressures for CO, C02, CI& and H2 were calculated and used to calculate
PCOJP2C0and P2HJPC~ratios which are plotted in Figures 28 and 29. According to the
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ratio of H2 and Cfi we are not producing carbon fi-omthe decomposition of methane.
The concentrations of CO and C02 remained in the coke free region for the duration of
the run,
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Figure 28. Observed PCOJP2C0ratios and calculated equilibrium constants for the
Boudouard reaction at 300 psig.
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Figure 29. Observed P2HJPCmratios and calculated equilibrium constants for the
decomposition of methane at 300 psig.

Catalyst Lifetime
The simulation of catalyst aging is one of the most difficult tasks in determiningg catalyst
performance. What we need is a method that is equivalent to some months or years in the
full scale reactor. There are two broad objectives in this work: to find out how far the
catalyst performance has deteriorated and why.

There were three questions that we needed to answer about the prototype catalytic
reactor.
. 1. What size of reactor will be needed to produce the required amount of hydrogen for

a given fuel cell by steam reforming?
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. 2. Given a particular reactor, how will it behave under a given set of operating
conditions?

. 3. Given the size of the reactor and its behavior under a given set of operating
conditions, what is the activity of the catalyst?

The catalyst performance is defined as the catalyst activity multiplied by the active
volume. If all of the catalyst is gradually being deactivated by poisoning or sintering, the
performance changes with time. Using the kinetics associated with the catalyst, its
activity or die off behavior can be calculated from the installed volume of catalyst. The
catalyst volume is a function of a large number of variables: temperature, pressure, gas
composition and reaction conversion, catalyst formulation, catalyst particle size and
catalyst activity.

The estimated catalyst life based on the limited data that we have obtained is illustrated in
Figure 30. Over the 140 hour test, the methane concentration gradually increase and the
hydrogen concentration decreased. These results suggest that the catalyst activity is
decreasing with time. A linear decay in activity predicts that the catalyst will need to be
regenerated about every 1000 hours of use to maintain a hydrogen generation of 400/0at a
reaction temperature of 500°C at the exit of the catalyst bed. The catalyst would be
regenerated 4 times to achieve the 5000 h lifetime required. Achieving this lifetime is
reasonable since Ni/CaO/A1203 last for 2-4 years in industrial plants. These catalysts are
deactivated by sintering and carbon formation and can be regenerated 4-5 time before
they need to be replaced. We expect to observe similar deactivation behavior and obtain
stilar lifetimes for catalysts in our reactor.
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Figure 30. Estimate of catalyst lifetime for steam reforming methane.

3.7.2 Steant Reforming of Methane in Membrane Reactor
Success in developing hydrogen separation membranes has led to applications in steam
reforming hydrocarbons.2 To test the effectiveness of hydrogen separation on the steam
reforming process, we purchased two tubular type membrane reactor from REB Research
and Consulting. The reactors were 3Athinch in diameter and were fabricated with seven 9
3/8thinch long by 3/32nddiameter tubes with an effective surface area for hydrogen
separation of 123.6 cm2.
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Thirty five grams of catalyst was loaded into a membrane reactor and heated to 550°C.
Hydrogen flow was started to generate the catalyst at Opsig. We noticed that gas began
flowing from the permeate side of the reactor. We tested the reactor with nitrogen and
found that a least one of the membranes was leaking gas.

To avoid activating the catalyst in the membrane reactor, the second time we activated
the catalyst in a tube furnace. Thirty five grams (35g) of the catalyst was reduced in a
tube fiunace under the following conditions: the temperature was increase at 5° C/rein
from RT to 550° C, held at 550° C for 15h, and then cooled at 5° C/rein to RT. The Hz
flow rate was 100 mL/rnin. The catalyst was removed from the fb.rnace and transferred to
a nitrogen atmosphere glove box. It then was loaded into the membrane reactor under a
N2 atmosphere. After loading the reactor with the catalyst, we tested the reactor with N2,
and it didn’t leak at RT and 200psig. We then measured the H2 flux using pure hydrogen
in the reactor. The results are plotted in Figure 31, and for comparison, Buxbaum’s
values are illustrated in Figure 32.
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Figure 31. Hydrogen flux as a function of Figure 32. Hydrogen flux as a function of
the upstream temperature and pressure. upstream pressure (1%Buxbaum Results).

Our values were about 33% lower than Buxbaum’s, except for one point where we
observed 48 mL H2 /cm2 at 400°C and 100 psig which was the only data point that agreed
with the values reported by Buxbaum. However, Buxbaum has indicated that he has
observed an increase in permeance with time and more tests are needed to measure the
hydrogen permeation of the membranes, especially over longer periods of time.

The catalyst was partially oxidized, because the catalyst was exposed to air during
transfer to a nitrogen atmosphere. For this reactor, we used methane and water to
reactivate the catalyst. The system was run under the following conditions: the surface
temperature of the reactor was set at 500”C, the system pressure was Opsi, the Cl& flow
rate was 620 rnL/min and the H20 flow rate was 2.5 mL/rnin which corresponds to
H20/C = 5. The methane flow rate was decreased until the equilibrium values for the
reforming products were obtained. The system was run for 20 hours before we started to
increase the pressure. The results are listed in Table 5.
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Table 5. Concentrations of CO, CH4, C02 and H2 as a function of the methane feed
rate.

CI14 H20 Cat. co% CH4’XO C02% H2Y0
(rnllmin) (mL/min) Temp

620 2.5 500 0.42 24.42 14.25 60.92
420 2.5 500 0.46 16.62 15.89 67.04
310 1.25 500 0.84 12.23 16.33 70.60

Equilibrium 500 1.86 12.12 16.09 69.93

In the membrane reactor, assuming that the removal of hydrogen shifts the equilibrium
toward the right, we should be able to produce mostly hydrogen and carbon dioxide.
Since we introduced310mL/min Cm, we should be able to get a maximum of 1240
mL/min hydrogen. We collected around 690 mL/min of hydrogen at a 550”C wall
temperature and 300 psig.

We also measured the concentration of gas products from the effluent of the membrane
reactor, and observed that the hydrogen flux increased as the temperature and pressure
increased. We first tried methane steam reforming at 400° C at 0-300 psig. No hydrogen
was extracted under these conditions. The GC analysis showed that the products
consisted of large amounts of methane and only a small amount of C02 indicating that
our catalyst was not active at 400”C. When the temperature was increased to 500”C, the
hydrogen flow rate in the permeate was around 84 mllrnin at 300 psig and around 122
mL/min at 350 psig. These values correspond to a hydrogen flux at 500° C and 300 psig
of 0.6764 mL/minocm2 and at 500° C and 350 psig of 0.992 mL/minocm2. The
concentrations of CO, C02, and CH4 indicated that not enough hydrogen was extracted at
500”C (-20Yo) to shift the equilibrium.

We increased the reactor wall temperature to 550”C. The data obtained using the
membrane reactor with 7 membrane tubes is listed in Table 6. The inlet steam
temperature was 300”C. Figure 33 illustrates the total hydrogen concentrations (permeate
+ retentate) versus reaction temperature that were obtained for reforming methane in the
tubular reactors with and without membranes at a wall temperature of 550”C. Figure 34
shows the corresponding levels of methane concentrations as a fimction of reaction
temperature in both the regular and membrane tubular reactors. The obvious conclusion
is that more methane was reformed in the reactor with hydrogen separation at 550°C and
resulted in a corresponding increase in the amount of hydrogen produced. Utiortunately,
the maximum temperature for the membrane reactor is 550°C, and we could not increase
the temperature fbrther. In fact, the membrane reactor started to leak after 20 hours of
use. A more thermally stable and robust membrane reactor is needed for methane
reforming.

Figures 35 and 36 summarize the results obtained for reforming methane in the reactor
with hydrogen separation membranes. As the pressure was increased more hydrogen was
extracted through the membranes and the amount of hydrogen observed in the permeate
increased. At 300 psig we extracted 88°/0of the hydrogen to obtain
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lCI& + 5H@ + 0.5CH4 + 0.5(20z + 2H2 + 4H@ (24)

Table 6. Reforming of methane at 550”C and a methane flow rate of 310 mL/min.
H2 Flow

‘res!we co’% C&% C02% ~f~:nt ~H::te
pslg

o 0.84 12.23 16.33 70.60 0
0 0.92 16.11 15.53 67.43 0

50 0.20 29.44 14.19 31.20 24.96 199
50 0.18 29.54 14.01 33.09 23.16 179
100 0 26.07 14.77 17.64 41.46 326
100 0.19 25.29 14.58 26.06 33.88 347
150 0.05 25.27 14.85 14.59 45.23 448
150 0.05 21.09 15.77 18.02 45.05 433
200 0.04 19.27 16.09 11.75 52.89 539
200 0.04 18.62 16.30 11.61 53.42 536
300 0.04 16.56 16.64 7.85 58.89 678
300 0.04 15.67 16.97 7.92 59.39 696

450 500 550 600 650 700

Temperature CC)

Figure 33. Concentration of hydrogen observed at 300 psig in reactor with and
without hydrogen separation membranes.
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Figure 34. Concentration of methane observed at 300 psig in reactor with and
without hydrogen separation membranes.
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At these reaction conditions we did not observe any CO but only 50’%of the methane was
reformed. To obtain the same results in a reactor without membranes at 300 psig, the
reactor temperature would be 700°C or 150°C higher than used with the membrane
reactor.
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Figure 35. Concentrations of H2, CO, C02 and H2 observed in membrane reactor.
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Figure 36. Concentration of hydrogen extracted in permeate at 550”C.

To calculate the amount hydrogen that passes through the membranes, we assumed that
the yields are 100’%in both the tubular and the membrane reactor. We also assumed that
the concentration of gases in the effluent represents the concentration of gases in the
reactor. The amount of hydrogen extracted through the membrane was measured, and the
total hydrogen produced is the sum of the hydrogen observed in the effluent and in the
permeate.

Figures 37 and 38 show the partial pressures of H2 in the reactor (P H2i. was calculated
assuming no hydrogen removal and is the total amount of hydrogen procduced) and
observed in the effluent versus the reaction pressure. Figure 37 illustrates the effect of
reaction pressure on the partial pressure of hydrogen measured in the effluent gases
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(P Hz o.t). The partial pressure of hydrogen in the effluent approached 1 atmosphere upon
an increase in the reaction pressure, indicating that more hydrogen was efficiently
removed from the reactor through the membrane at higher reaction pressures. The partial
pressure of hydrogen on the permeate side is 1 atmosphere under all conditions. Figure
37 also shows the calculated partial pressure of hydrogen in the reactor (P Hz i.) assuming
no hydrogen was removed through the membranes.
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Figure 37. Partial pressure of hydrogen on the reaction side (~) and observed in
effluent (=) as a function of pressure (for the steam reforming of octane in the
reactor with hydrogen separation membranes at 550”C).

The results in Figure 38 illustrate the H2 partial pressures inside the reactor (P Hz in)and
in the effluent (1?H2out)normalized with respect to the reaction pressure. The data shows
that the hydrogen partial pressure in the reactor does not increase significantly at
pressures greater than 300 psig indicating that the reaction has reached completion under
these reaction conditions (550”C). However, the partial pressure of H2 in the effluent
continues to decrease as the pressure increases, indicating that more hydrogen is removed
through the membrane as the pressure is increased up to 300 psi. At 300 psi the partial
pressure of H2 in the effluent is -1 atmosphere.
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Figure 38. Normalized partial pressure of hydrogen in the reactor (~) and
observed in the effluent (U) as a function of pressure (for steam reforming of octane
in the reactor with hydrogen separation membranes at 550”C).
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Figure 39 shows the flow rate of H2 through the membrane based on experimental results
where 0.025ghnin octane was injected into the membrane reactor operating at 550°C.
For the amount of fuel used in this Phase I effort, the maximum amount of H2 produced
was -700 mL/min. No CO was detected in the hydrogen permeate by gas
chromatography. Our detection limit is around 2 ppm.
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Figure 39. The H2 permeate flow rate as a function of the reaction pressure at
550°c.

Figure 40 illustrates the percentage of hydrogen removed from the reactor as a fbnction
of pressure. At 300 psig we observed that 88% of the hydrogen was removed from the
reactor. The remainder of the hydrogen is discarded with the effluent, but can be burnt to
provide the heat needed for the endothermic reactions.
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Figure 40. Percentage of hydrogen removed from the reactor through the hydrogen
permeable membranes as a function of reaction pressure.

It has been reported that palladium membranes are deactivated by deposition of
carbonaceous matter.3 In this research program, however, we did not observe any
decrease in membrane performance versus time.
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Tlte Membrane Permeance Calculatedfrom Observed Data: We ran the steam
reforming membrane reactor at 550°C at 300 psig (21.0 atm) at a steam/carbon ratio of
5.0 and obtained the following results:

lC~+ 5H@ + 0.5 CH4+ &5@+2Hz+AH@ (25)

We used 310 mL per min methane flow rate. This volume of methane is equal to 0.0138
mol/min methane. We observed that the methane is 50°/0converted to Hz, and we
produced 0.0276 mole H2 per mole of octane or 0.0276 mole of H2 per min.

The total amount of hydrogen produced was= 0.0276 mole/min and our analysis
indicated that we recovered 88% of the hydrogen or 0.024 mole/min (548 mL H2/min at
stp; 690 rnL at70°C).

At 300 psi, the partial pressure of H2 in the reactor was 0.38 x 21 = 8.04 atm (814,653 Pa)
and the partial pressure of H2 in the permeate 1 atm (101,325 Pa) assuming that 1 atm =
101,325 Pa.

N (fhlX) =
0.024 mole/min = (pinlJ2

area
- POUj’2)* (permeance)

Where Pi. is the partial pressure of H2 inside the reactor and Poutis the partial pressure of
H2 at the permeate side of the membrane.

[(814,653 Pa)”2 - (101,325 Pa)l’2 ] * (permeance) =
(902 - 318)Pa1’2* (permeance) = 0.024 moleh-eactor area2 min

permeance = 0.000041 mole/area2 rnin Pal’2

The area available for hydrogen permeation e uals:
17 tubes that are 3/32 inch in diameter by93/8t inch long = 17.66 cm2 x 7 = 123.6 cm2

= 0.01236 m2

permeance = 0.000041/0.01236 = 0.0033 mole/m2 min Pal’2or
5.5 x 10-5mole H2/m2s Pal’2at 550°C.

Buxbaurnl reported that the expected permeance should be 1.47x 10-3mole HJm2s
Pa1J2.Our value is 27 times lower. Also, our permeance values are dependent on the
pressure, and they should be independent of pressure. For example, at 50 psig the
permeance calculated was 1.47x 104 and is only 10 times lower than Buxbaum’s. Based
on our data, there appears to be a resistance to hydrogen permeation as the pressure
increases.

The differences in permeance are due to the effects of other gases, such as steam, COZ,
and CO, in the reactor on the palladium membrane. More detailed experiments are
needed to determine the effects of these reaction products on the pefiormance of
membrane reactors.
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4 Preliminary Cost Analysis
In conducting a cost analysis for our reformer concept, we examined the requirements
imposed by automotive applications. A reformer feeding a fiel cell with a 50-kW peak
electric power output need not be sized to operate at maximum efficiency at this peak
output level. The automobile engine rarely runs at peak power. In fact, the cruising
power requirement is seldom more that 50% of the engine’s peak power output and is
often considerably lower. Because peak power is only rarely required, the engine’s
efficiency at peak power maybe sacrificed to achieve overall cost and weight savings;
the power train should be designed to operate at maximum efficiency under the usual
power demand of 50% of peak. This principle reduces the size requirement for the
reformer. For a 50 kW peak power fbel cell, a reformer is optimally sized to operate at
80% efficiency at 25 kW. Such a reformer will operate at approximately 50% efficiency
at 50 kW, but because the car seldom operates at pedc power the efficiency loss is
irrelevant.

This established, we can examine the subsystems of the proposed power train: the fiel
cell and the steam reformer. Our steam reformer concept is comprised of three major
components: the desulfizer, the boiler, and the reformer. For this analysis, the cost of
the desulfiuizer was not included since it is not needed with all the fiels in question.

The boiler and the steam reformer, combined, require a heat input of 1 kW per 1 kW
electric power output, assuming a 50% efficient fiel cell. For medium sized (20-100
kw) specialized boilers, a high-end price is about $60/kW of heat output. This includes
the pump, the expansion tank and all the controls. In mass-production quantities and with
special attention paid to the integration of the boiler and the reformer, this cost will drop
to $ 7-15/kw.

The steam reformer is basically a tubular pressure vessel with built-in hydrogen
separation membranes. Since the system operates below 600°C, we can construct the
pressure vessel from off-the-shelf stainless steel tubing. This, therefore, does not
contribute significantly to the cost of the unit when mass-produced. The primary cost of
the membrane is in the labor required to manufacture it, rather than in the palladium.
REB Research, Inc., the present membrane supplier, has estimated the cost of the
membrane in mass quantities to be $200-800/f& using a 1 pm coating of Pd on each side
of the membrane. To operate at 80°Areformer efficiency at peak power, we need a
membrane area of 1 ft?/kW. However, as explained above, we can stiely size the
reformer for 50°/0efficiency at peak power. The resulting reduction in area lowers the
membrane cost to less than $120/kW, which includes the support for the membrane. The
cost of the pressure vessel and the controls, based on rule-of-thumb engineering practices
and at high quantities, will be in the $7-1O/kWrange. We need about 400 g of reformer
catalyst per kW of electric power. This catalyst is quite inexpensive at about $1/kW in
quantities.

Thus, our preliminary projection is that a 20 kW peak power reformer will cost about
$2,500 and a 50 kW unit around $6,390. If the fiel cell efficiency exceeds the projected
50Y0,this cost will be reduced accordingly.
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The exact cost of the system will depend on the final design. At this stage of the
development of this concept it is difficult to predict an accurate cost. It is important,
however, to note that certain advantages of our system allow it to feature a lower cost
than higher-temperature reformers.

1. The low operating temperature of our system allows us to use off-the-shelf stainless
steel tubing. Reformers operating at 800-1000 ‘C require exotic – and expensive –
alloys.

2. The low operating temperature of our system permits us to construct the pressure
vessels with a thinner wall thickness and less insulation. This reduces not only the
cost of our system, but will significantly decrease the weight of the power train,
leading to secondary efficiency increases.

3. The high purity hydrogen produced by our system reduces the per-kilowatt cost of the
fbel cell by increasing its power density. This benefit alone may completely
outweigh the cost of the reformer.

To estimate the cost of the steam reformer we

. Selected the system level performance level

. Selected the materials required to manufacture the system

. Estimated the individual component prices and the component assembly cost.

We have based our cost estimates on the assumption of manufacture at high volume using
design-for-manufacture equipment, as would be the case for a supplier to the U.S. auto
industry. The projected costs are in 1999 dollars, and include provisions for material,
labor, manufacturing overhead, and expenses. For the cost study, the fuel processor was
divided into the sub-components listed below.

I Containment vessel II. Steam generator III. Membrane reactor
A. Outer shell A. Burner A. Membranes
B. Insulation B. Stainless Steel Tube B. Tube

IV. Catalysts V. Fuel system
A. Reforming catalyst A. Fuel and Water Pumps

B. Catalyst bed
C. Fuel and water tanks

Cost projections are listed in Tables 7 and 8. The cost contributions of the various
components are illustrated in Figures 41 and 42. In this case, the membranes comprise
88% of the total cost, and the total cost is estimated to be 8-9 times more than a partial
oxidation (POX) system. The materials used in the steam generator and steam reformer
are stainless steel and no high temperature alloys are needed. In a membrane reactor,
pure hydrogen is produced which improves the efficiency of the fuel cell and decreases
the complexity of the fhel processing system. A POX system, while cheaper, involves a
technical complexity that invites a short system lifetime and/or low reliability.
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Table 7. Cost projections for a 50 kW peak steam refer
Component
Shell

ler.
$/unit

Outer shell
Insulation

50
10

Sub total 60

+

1.20
Catalyst

reforming catalyst 50
Sub total 50

Steam generator
Burner
Stainless steel tube
Fittings

230
30
70

Sub total 330
-

6.60
Reformer

30Reformer tube
Palladium (l~m thick)
Tantalum surmorts f25 &@, $200/#)

625
5000

70Fittings
Sub total 5725

+

114.50
Fuel Svstem

Pump and Tanks
Controls

100
125

Sub total 225 a4.50
127.80TOTAL 6,390

COnlainment
%am Generator

and Burner Fuel System

9.87.

Membrane Tubes

782%

‘< Reformer

/ 1.6%

k Palladium

Figure 41. Cost contribution of components for a 50 kW peak fuel processor with
0.5 ft? membrane area per kW and lpm Pd coating on each side of the membrane
tube.
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If we need to design the power train to have 80% efficiency at its peak power of 50 kW,
then we need I@ of membrane per kW and the per-unit cost jumps to $12,015
($240.30/kW). The percentage of the cost due to the membranes would increase to a
maximum of 94°/0of the total cost of such a system.

Figure 42. Cost contribution of components for a 50 kW fuel processor with 1 ft2
membrane area per kW.

We believe that the cost of the membrane tubes can be reduced to $40/# by using
niobium which reduces the material costs by a factor of 3, by simpli&ing the membrane
design, by automating the reactor fabrication, and by decreasing the thickness of the
palladium coating to 0.1pm. These improvements would lower the cost of the membrane
reactor to $36.56/kW which gets us to the $10/kW target cost. We have just started a
DARPA supported Phase II effort to address some of these issues. Table 9 lists the
component costs that are required to meet the DOE costs targets of-$1 O/kW. To meet
this target, membrane costs will need to be reduced to $4/&.

5. Conclusions
Based on our observations during the steam reforming of ethanol, we conclude that
carbon was forming in the steam generator due to the thermal decomposition of ethanol.
Since ethanol is being thermally decomposed, we were operating the steam generator at
too high of a temperature. The thermal degradation of ethanol was confirmed by using a
GC with a flame ionization detector. We observed trace amounts of additional
hydrocarbons other than methane in the effluent which we assume maybe ethane and
ethylene.

We identified the operating conditions that allowed us to steam reform ethanol for an
acceptable amount of time. These conditions were a steam temperature of 200”C and a
wall temperature of 400”C at the center of the reactor. The calculated ratios of COz/CO
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indicate that we can lower the potential for carbon deposition fi-omthe Boudouard fi.ut.her
by reducing the pressure.

Table 8. Projected costs for a mass-produced 50 kW peak steam reformer.
[ Component $/unit I $/kW

Shell
, Outer shell 50

Insulation 10
Sub total 60 1.20

Catalyst
reforming catalyst 50

Sub total 50 1.00
Steam generator

Burner 230
Stainless steel tube 30
Fittings 70

Sub total 330 6.60
Reformer

Reformer tube 30
Palladium (0.l~m thick) 63
Niobium supports (25 # @ $40/@ 1000
Fittings 70

Sub total 1163 23.26
Fuel System

pumP and Tanks 100
Controls 125

Sub total 225 4.50
TOTAL 1,828 36.56

We demonstrated the reforming of ethanol in a reactor with hydrogen separation
membranes and have extracted 78% of the hydrogen for use as a fbel in PEM fiel cells.
The hydrogen is pure and contains no CO or other impurities. The reformer efficiency
based on the HHV of ethanol and hydrogen was estimated to be 77%. We successfully
demonstrated the feasibility of producing hydrogen by the steam reforming of ethanol.

We identified the operating conditions that allowed us to steam reform methane to obtain
-1OOYOgaseous products and operated the reformer for 140 hours with no catalyst
deactivation. These conditions were a steam temperature of 300”C and a wall
temperature of 500°C at the center of the reactor. We estimated that the catalyst would
need regenerating every 1000 hours to maintain activity and would have a usefi.d life of
5000 hours. We also demonstrated the reforming of methane in a reactor with hydrogen
separation membranes and have extracted 88% of the hydrogen for use as a l%elin PEM
fiel cells. The hydrogen is pure and contains no CO or other impurities. We
successfully demonstrated the feasibility of producing hydrogen by the steam reforming
of methane.
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6. Future Work
Our results look excellent and are comparable to those in the published literature.
However, there are many topics that need investigation in any fiture efforts. Further
work is needed to improve the robustness of membrane reactors so that the reactor can be
operated at higher temperatures and pressures. Also the hydrogen permeation appears to
be affected by the reaction conditions employed during steam reforming. We observed
that the permeance is pressure dependent and decreases as the pressure increases
indicating there is resistance to permeation at the reforming conditions.

Table 9. Component cost targets for a 50 kW peak steam reformer.
Component $/unit
Shell

Outer shell 15
Insulation 10

Sub total 25
Catalyst

reforming catalyst 50
Sub total 50

Steam generator
Burner 50
Stainless steel tube 20
Fittings 25

Sub total 95
Reformer

Reformer tube 30
Palladium (0.1~m thick) 63
Membrane supports (25 #@ $4/@ 100

Sub total 193
Fuel System

pumP and Tanks 100
Controls 50

Sub total 150

I

I TOTAL 513

J!!!=-l

0.50 I

--i

I

33.86
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APPENDIX

Table 1. Steam reforming of ethanol at a wall temperature of 450”C. The steam
temperature was 200°C and the water/fuel flow rate was 3 mL/min.

Time Temp Pressure COYO CH4% C02Y0 H2’%0 %Couticin
Cat
Exit psig
“c

12:25 630 0 4.84 0.00 19.84 75.32 80.16
12:40 620 0 5.29 0.00 19.18 75.53 76.72
12:50 630 0 5.52 0.00 19.11 75.37 77.84
13:00 640 0 5.46 0.00 18.77 75.77 73.92
13:15 620 300 1.54 16.93 22.43 59.09 87.89
13:35 620 300 2.88 11.38 21.65 64.09 88.29
13:45 630 300 3.20 11.36 22.06 63.38 94.40
14:00 630 300 3.14 10.96 21.85 64.05 91.83
14:15 630 300 3.14 11.02 22.05 63.79 93.80
14:30 630 400 2.85 13.87 22.32 60.96 94.75
14:40 630 400 3.00 13.32 21.88 61.79 91.66
14:55 630 400 3.03 13.20 22.08 61.68 93.70
15:30 475 400 0.64 37.38 24.06 37.93 97.10
15:40 465 400 0.51 40.00 24.50 34.99 99.28
15:50 465 400 0.58 40.41 0.24 34.78 97.96
16:00 460 300 0.47 37.33 0.25 37.60 99.71
16:10 460 300 0.46 37.26 0.24 38.02 97.48
16:20 464 300 0.50 37.34 0.25 37.50 100.18
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Tab1e2. Steam reforming ofethanolat awalltemperatire of4000C. Thesteam
emperature was 200°C aid the water/fuel flow ra~e was 3 mL/min

Time Temp Pressure CO’YO CHJXO C02Y0 H2%
Cat
Exit psig
‘c

10:30 505 300 0.45 39.06 24.15 36.34
10:45 515 300 0.72 30.87 24.56 43.84
11:00 500 300 0.86 32.06 24.31 42.78
11:15 497 300 0.74 32.96 24.32 41.98
11:30 499 300 0.64 32.90 24.48 41.98
11:45 505 300 0.67 31.17 24.31 43.85
12:00 505 300 0.72 31.54 24.29 43.45
12:20 505 300 0.65 31.51 24.22 43.62
12:45 505 300 0.63 31.31 24.16 43.90
13:00 503 300 0.62 30.79 23.66 44.93
13:20 525 300 0.78 28.14 24.42 46.66
13:40 525 300 0.86 27.60 23.60 47.94
13:55 515 300 1.05 28.53 24.20 46.21
14:10 508 300 0.86 30.48 23.97 44.69
14:30 525 300 0.73 29.72 23.70 45.85
14:50 525 300 0.87 29.69 24.46 44.99
15:10 520 300 0.80 30.68 24.16 44.36
15:30 521 300 0.77 29.67 24.07 45.49
15:50 527 300 0.83 27.81 23.72 47.64
16:10 527 300 0.78 27.17 23.91 48.14
16:30 528 300 0.77 28.61 23.93 46.69
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%Cout/Ci
n

96.88
100.76
99.64

99.15
99.73

98.68

98.77
97.95

97.47

94.03
100.02

94.51
99.96
97.30
94.75
100.80
98.33
97.48
95.23
96.23

96.44



Table 3. Concentrations of CO, CH4, C02 and H2 observed in the
reforming of ethanol for 140 hours.

Reaction co% cm% C02% HZYO Couticin
Time(h)

0.00 1.06 32.00 24.35 42.59 101.0
I 0.50 I 1.06 I 32.07 I 24.29 I 42.58 I 100.6 I
I 0.92 I 1.03 I 33.54 I 24.55 I 40.89 ] 102.2 I
I 1.17 I 1.07 I 32.62 I 24.40 I 41.91 ] 101.4 I

I 1.67 I 1.07 I 32.31 I 24.15 I 42.47 I 99.7 I

18.33 1.08 32.32 I :

2.00 1.06 32.69 24.26 41.99 100.4
24.33 42.28 101.0

}
19.00 I 1.00 I 32.23 24.06 42.71 98.7

2.71 24.25 41.97 100.4
t

-----
1

-.. .
1

*n<n 3 rw ‘7

20.00 I 1.11 I 32.18 I 24.02 I 42.70 I 99.0 I
I 20.50 I 1.08 I 31.85 I 24.35 I 42.72 I 101.1 I, , ,

20.83 1.07 31.55 24.22 43.16 100.2,
22.67 1.02 32.15 24.31 I 42.52 100.5 1

I

23.50 1.11 32.16 23.94 42.79 98.4
24.17 1.07 31.87 24.26 42.79 100.4
25.00 1.10 32.30 24.20 42.40 100.2
25.33 1.07 32.01 24.28 42.64 100.6
25.67 1.02 32.07 24.27 42.63 100.3

I 32.33 I 1.13 I 32.76 I 24.45 I 41.66 I 102.1 I
J

42.33 1.03 31.67 24.53 42.76 102.2
42.67 1.07 31.48 24.48 42.97 102.0
43.50 1.04 31.36 24.56 43.04 102.5
44.00 1.14 31.63 24.62 42.61 103.5
44.50 1.10 32.13 24.50 42.27 102.3

I 45.00 I 1.06 I 31.04 I 24.48 I 43.42 I 102.0 I
I 45.83 I 1.10 I 32.16 I 24.21 I 42.53 I 100.2 ]

46.25 1.09 31.70 24.61 42.60 103.1
48.33 1.09 32.91 24.53 41.47 102.4
49.50 1.09 30.89 24.42 43.60 101.7

I--–51.83I 1.06 I 31.20 t 24.33 I 43.41 I 100.9 I
I 66.17 I 1.06 I 32.38 I 24.62 I 41.93 I 103.0 I

67.50 1.04 32.24 24.34 42.38 100.8
68.00 1.01 32.97 24.75 41.27 103.6
68.25 0.97 32.87 24.47 41.69 101.4
69.00 I 1.00 I 33.05 I 24.66 I 41.29 I 102.9 I

I 70.33 I 1.04 I 32.79 t 24.50 I 41.67 I 102.0 I
71.00 1.03 32.77 24.57 41.62 102.4
72.33 1.04 32.81 24.63 41.51 102.9
90.50 1.07 31.90 24.37 42.65 101.2

I 90.83 I 1.10 I 31.72 I 24.54 I 42.64 I 102.6 I
t 91.17 I 1.07 I 31.89 I 24.71 42.32 I 103.7

91.50 1.32 32.76 23.91 42.01 99.3
91.50 1.15 31.40 24.45 43.00 102.3
92.50 1.10 31.41 24.46 43.03 102.0
93.00 1.15 31.57 24.63 42.65 103.6
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Table3 continued
Reaction co% cm% co~% H2Y0 Coutlcin
Time(h)

93.25 1.11 31.58 24.47 42.84 102.2
94.00 1.16 31.37 24.28 43.19 101.1
95.00 1.16 31.16 24.15
95.67 1.14 31.37 24.19) AH-%-i
96.25 1.19 30.82 24.21 43.78 100.7
112.25 1.12 31.27 24.42 43.19 101.9
113.00 1.13 32.00 24.58 42.29 103.0
113.50 1.07 32.00 24.66 42.27 103.3

1 , I
t---”-- ‘114..00I 1.11 I 31.65 I 24.35 I 42.89 I 101.3 I
1-”114.50I 1.12 I 32.06 I 24.53 I 42.30 I 102.6 I
I 115.00I 1.14 I 30.61 I 23.99 I 44.25 I 98.9 I
116.50 1.12 31.96 24.23 42.69 100.5
117.00 1.05 31.43 24.17 43.36 99.7
117.50 1.11 31.84 24.22 42.83 100.4
119.17 1.14 31.84 24.37 42.65 101.6
136.25 1.17 32.03 24.68 42.11 104.1
137.00 1.14 31.85 24.63 42.38 103.5

I 137.50I 1.14 I 31.59 I 24.65 I 42.62 I 103.6 I
I 138.00I 1.09 I 31.68 I 24.65 t 42.58 I 103.3 t
138.50 1.15 31.59 24.49 42.77 102.5
139.00 1.08 31.79 24.69 42.44 103.6
139.50 1.11 31.38 24.41 43.10 101.7

Table 4. Steam reforming of Exxon 87 octane gasoline.
Time TemplCat Pressure co% C&% COZY. HZYO Cou,lch

h “c psig
o 500 0 2.73 25.69 23.21 48.36 104.1
0.5 500 0 1.08 6.28 23.95 68.69 99.0
0.75 500 0 1.66 15.66 23.51 59.17 99.6
1 500 0 2.61 32.10 23.06 42.24 102.1
1.25 500 0 3.14 24.03 22.87 49.96 103.9
2 500 300 0.95 40.55 24.04 34.47 100.5
2.3 500 300 0.61 42.61 24.45 32.33 101.5
2.75 500 300 0.63 43.19 24.89 31.29 104.2
19.5 500 250 0.75 44.19 24.66 30.40 103.3
20 500 300 0.78 44.95 24.56 29.71 102.8
20.5 500 300 0.71 44.70 24.68 29.91 103.2
20.67 500 300 0.72 44.91 24.94 29.44 104.8
21 500 300 0.71 44.30 24.81 30.19 104.0
24.5 500 300 0.73 38.09 23.08 38.10 93.7
25 500 300 0.76 38.07 22.98 38.19 93.3
26 500 300 0.72 37.08 22.72 39.48 91.5
3:30 500 300 0.93 38.12 22.82 38.13 93.1
26.5 500 300 1.68 33.40 21.32 43.61 87.0
27.5 500 300 0.89 34.35 22.04 42.73 87.9
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Table 5. Reforming of pure octane.
Time Temp/Cat Pressure co CH4 C02 Hz

h “c psig
o 500 0 2.20 24.38 19.91 53.51

20 500 0 2.35 24.52 19.67 53.46
40 500 0 3.42 39.43 17.16 39.99
55 500 0 3.05 34.03 17.90 45.02

1 500 300 0.77 51.89 21.51 25.83
1.5 500 300 1.01 50.60 20.51 27.88

1.75 500 300 0.77 52.06 21.11 26.07
18.75 500 300 0.74 52.97 21.79 24.49
19.5 500 300 0.80 54.41 21.56 23.24
24 500 300 0.72 50.84 19.96 28.49

24.5 500 300 0.69 51.86 21.78 25.67
25.08 500 300 0.73 53.13 21.23 24.91

25.67 500 300 0.72 53.49 21.67 24.11

42.58 500 300 0.73 55.25 21.67 22.34

46.5 500 300 0.76 54.87 22.00 22.37

46.75 500 300 0.74 54.24 22.03 23.00

Co.JCi.

86.8
86.1
83.2
83.3
97.2
93.2

95.4

98.7

98.0

89.9

98.2

96.0

98.1

98.4

99.9

99.9

Table 6. Steam reforming of methane at 400°C at a steam/carbon ratio of 5.
(620 mL/min CH4 + 2.5mL/min HzO)

Time Temp/Cat Pressure co CH4 C02 H2 COJCi.
‘c psig

13:30 400 0 0 39.99 14.55 45.46 113.2
14:15 400 0 0 41.56 15.02 43.41 117.4
14:30 400 0 0 40.66 12.66 46.67 103.8
15:00 400 100 0 66.91 6.48 26.60 99.5
15:10 400 100 0 58.59 7.44 33.97 96.9
15:20 400 100 0 59.28 6.37 34.34 93.7
15:35 400 300 0 65.64 5.06 29.29 94.0
15:50 400 300 0 64.60 5.32 30.075 94.1
16:00 400 300 0 65.19 5.07 29.75 93.7
16:15 400 300 0 67.61 4.44 27.96 93



Table 7. Steam reforming of methane at 500°C at a steandcarbon ratio of 5.
(620 mL/min Cm + 2.5ti/min HZO)

Time Temp/Cat Pressure co% cm% C02Y0 H2% Cout/Cin
11:30 500 0 1.09 20.46 15.74 62.72 1.05
11:45 500 0 1.06 19.26 15.29 64.39 1.00
13:00 500 0 1.06 19.75 15.77 63.42 1.04
13:30 500 100 0.50 41.28 11.77 46.46 1.02
13:45 500 100 0.56 41.16 11.76 46.52 1.02
14:00 500 100 0.58 40.82 11.77 46.83 1.02
14:30 500 300 0.34 51.92 9.56 38.18 1.01
14:45 500 300 0.34 55.73 9.07 34.86 1.02
15:00 500 300 0.34 50.98 9.97 38.72 1.02
15:30 500 300 0.33 50.88 9.93 38.85 1.02
16:00 500 300 0.34 51.57 9.80 38.29 1.02

Table 8. Steam reforming of methane at 550°C at a steandcarbon ratio of 5.
(620 mL/min Cm + 2.5mL/min HZO)

Time Temp/Cat Pressure COYO CI-LYO C02% H2’Y0 Cout/Cin
13:20 550 0 2.13 10.79 16.80 70.28 1.06
13:45 550 0 2.22 11.96 16.63 69.18 1.07
14:00 550 0 2.11 11.55 16.77 69.57 1.07
14:15 550 100 1.06 24.04 15.13 59.77 1.05
14:30 550 100 1.27 27.25 14.21 57.26 1.04
14:45 550 100 1.24 26.86 14.35 57.55 1.04
15:05 550 300 0.80 37.60 12.48 49.12 1.03
15:15 550 300 0.83 39.63 12.08 47.45 1.03
15:30 550 300 0.71 38.03 12.51 48.75 1.03
15:45 550 300 0.84 36.91 12.52 49.72 1.03

Table 9. Steam reforming of methane at 600°Cat a steam/carbon ratio of 5.

13:55 600 100 2.53 17.21 14.14 66.12 0.972
14:10 600 100 2.34 15.03 14.99 67.64 0.990
14:20 600 100 2.58 17.67 13.84 65.91 0.960
14:40 600 300 1.65 24.75 13.11 60.49 0.962
14:55 600 300 1.58 25.42 13.14 59.86 0.969
15:10 600 300 1.51 24.31 13.40 60.79 0.967
15:30 600 300 1.54 24.87 13.47 60.13 0.979
16:05 600 300 1.52 25.32 13.28 59.89 0.973
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Table 10. Steam reforming of methane at 650°C at a steam/carbon ratio of 5.
(620 mL/min CH4 + 2.5mL/min H20)

Time TemplCat Pressure co% CH4y, C02Y0 H2’%0 Couticin
13:00 650 0 5.84 2.79 15.73 75.64 1.11

13:15 650 0 6.44 3.17 14.80 75.59 1.06
13:30 650 0 5.51 2.51 15.46 76.52 1.04
13:45 650 100 4.39 14.81 13.84 66.96 1.02
14:00 650 100 4.06 12.29 14.64 69.01 1.03
14:15 650 100 4.08 12.37 14.59 68.95 1.03
14:35 650 300 2.79 18.68 14.16 64.38 1.01
14:50 650 300 2.83 19.58 13.68 63.91 0.99
15:05 650 300 2.79 19.32 13.97 63.91 1.01
16:00 650 300 2.82 18.57 14.12 64.50 1.01

Table 11. Steam reforming of methane at 700°C at a stearrdcarbon ratio of 5.
(620 mL/min CH4 + 2.5mL/min H20)

Time Temp/Cat Pressure co CH4 C02 H2 C~JCi~
‘c psig

11:15 700 0 6.43 1.36 15.76 76.45 114.3
11:35 700 0 7.10 1.33 14.81 76.75 108.9
11:50 700 0 7.52 1.44 14.48 76.56 109.1
12:40 700 0 7.12 1.33 15.44 76.11 117.2
12:55 700 0 7.72 1.34 14.64 76.30 112.9
13:10 700 100 6.71 8.97 13.54 70.79 106.3
13:25 700 100 7.99 11.14 12.00 68.87 105.2
13:40 700 100 7.90 10.68 12.29 69.13 106.4
14:45 700 100 8.00 12.93 11.79 67.28 106.4
15:00 700 100 8.10 12.80 12.02 67.08 108.8
15:30 700 300 4.72 18.41 14.10 62.76 111.7
15:45 700 300 5.06 17.47 13.13 64.34 104.9
16:00 700 300 5.13 19.45 12.34 63.07 102.4

700 300 4.82 17.10 13.12 64.96 102.9
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