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Abstract

This report presents work carried out under contract DE-AC22-95PC95144 "Combustion 2000 -
Phase II."  The goals of the program are to develop a coal-fired high performance power generation
system (HIPPS) that is capable of:

◊ thermal efficiency (HHV) ≥ 47%

◊ NOx, SOx, and particulates ≤ 10% NSPS
(New Source Performance Standard)

◊ coal providing ≥ 65% of heat input

◊ all solid wastes benign

◊ cost of electricity ≤ 90% of present plants
Phase I, which began in 1992, focused on the analysis of various configurations of indirectly fired

cycles and on technical assessments of alternative plant subsystems and components, including
performance requirements, developmental status, design options, complexity and reliability, and capital
and operating costs. Phase I also included preliminary R&D and the preparation of designs for HIPPS
commercial plants approximately 300 MWe in size.

This Phase, Phase II, had as its initial objective the development of a complete design base for the
construction and operation of a HIPPS prototype plant to be constructed in Phase III. As part of a
descoping initiative, the Phase III program has been eliminated and work related to the commercial
plant design has been ended. The rescoped program retained a program of engineering research and
development focusing on high temperature heat exchangers, e.g. HITAF development (Task 2); a
rescoped Task 6 that is pertinent to Vision 21 objectives and focuses on advanced cycle analysis and
optimization, integration of gas turbines into complex cycles, and repowering designs; and preparation of
the Phase II Technical Report (Task 8). This rescoped program deleted all subsystem testing (Tasks 3,
4, and 5) and the development of a site-specific engineering design and test plan for the HIPPS
prototype plant (Task 7).

Work reported herein is from:

◊ Task 2.1 HITAF Combustors

◊ Task 2.2 HITAF Air Heaters;

◊ Task 6 HIPPS Commercial Plant Design Update



iii

Table of Contents
Abstract ..........................................................................................................................i
Table of Contents .........................................................................................................iii
List of Exhibits ..............................................................................................................v
Executive Summary ....................................................................................................vii

Task 2.1 HITAF Combustor...................................................................................vii
Task 2.2 HITAF Air Heaters .................................................................................vii
Task 6 HIPPS Commercial Plant Design Update...................................................ix

Introduction................................................................................................................xiii
Task 2.1 HITAF Combustor.................................................................................. 2.1-1

β -PDF Simulation Case Study........................................................................... 2.1-1
Case Studies..................................................................................................... 2.1-2
Variable Composition........................................................................................ 2.1-6
Joint β-PDF NO Case Study.......................................................................... 2.1-10
PDF and Clipped Gaussian PDF NO Comparison........................................... 2.1-14
Conclusions .................................................................................................... 2.1-16
References...................................................................................................... 2.1-17

Task 2.2 HITAF Air Heaters ................................................................................ 2.2-1
Pilot-Sale Testing ............................................................................................... 2.2-1

Description of Pilot-Scale SFS.......................................................................... 2.2-1
Pilot-Scale SFS Activities .................................................................................. 2.2-9

Fuel Feed System............................................................................................. 2.2-9
Slagging Furnace Operation............................................................................. 2.2-12
Main and Auxiliary Burners ............................................................................. 2.2-15
Slag Screen..................................................................................................... 2.2-15
Dilution/Quench Zone...................................................................................... 2.2-15
Process Air Preheaters ................................................................................... 2.2-15
Emission Control............................................................................................. 2.2-15

Testing of the CAH Tube Bank....................................................................... 2.2-16
Testing of the RAH Panel................................................................................ 2.2-20
HITAF Air Heater Materials .......................................................................... 2.2-30

Laboratory- and Bench-Scale Activities........................................................... 2.2-30
Task 6 HIPPS Commercial Plant Design Update.................................................... 6-1

Gas Turbine Operation......................................................................................... 6-1
HTIAF Operation................................................................................................ 6-1

CO2 Separation from Flue Gas at the 300 MW HIPPS Plant ............................. 6-4
U.S. Department of Energy Vision 21 and Climate Change Issues......................... 6-4
Introduction......................................................................................................... 6-4
Objective............................................................................................................. 6-5



iv

Conclusions ......................................................................................................... 6-5
CO2 Production at the HIPPS Plant ...................................................................... 6-6
Separation Technology Status............................................................................... 6-7
CO2 Removal Limits............................................................................................. 6-8
CO2 Separation and Removal Technologies.......................................................... 6-8

Evaluation of CO2 Separation Technologies...................................................... 6-10
Gas Absorption Technology............................................................................... 6-10
Cryogenic Cooling ............................................................................................ 6-23
Membrane Technology....................................................................................... 6-30
PSA Technology................................................................................................ 6-39
Oxygen Combustion........................................................................................... 6-39

Comparison of Various CO2 Removal Processes.............................................. 6-43
CO2 Separation Costs - Cost per ton of CO2 Avoided and

Cost of Electricity...................................................................................... 6-44
MEA for Separation........................................................................................... 6-46
Oxygen Combustion Process.............................................................................. 6-47
Conclusions ....................................................................................................... 6-49

Appendix A CO2 Removal Literature ................................................................ 6-50
Greenhouse Gases & Oxides of Nitrogen........................................................... 6-50
Criteria for Case Studies .................................................................................... 6-51
Greenhouse Gas Emissions from Pulverized Coal Power Plant............................. 6-52
Greenhouse Gas Emissions from Natural Gas Fired Combined Cycle

Power Plant............................................................................................... 6-55
Greenhouse Gas Emissions from Integrated Gasification Combined

Cycle Power Plant ..................................................................................... 6-57
Greenhouse Gas Emissions from Carbon Dioxide Recycle Power Plant ............... 6-60
Greenhouse Gas Emissions from Comparison of the Power Plants....................... 6-63
Related Articles.................................................................................................. 6-64

Appendix B Equipment List, CO2 Removal by MEA Absorber/Stripper......... 6-97
Appendix C Equipment List, CO2 Removal by UCARSOL ........................... 6-103
Appendix D Equipment List, CO2 Removal by Cryogenic Cooling................ 6-110



v

List of Exhibits
Exhibit 2.1-1 Pittsburgh #8 Coal Parameters..............................................................................2.1-2
Exhibit 2.1-2 Summary of the University of Utah Bench Scale Furnace Simulation Cases ............2.1-4
Exhibit 2.1-3 One-Dimensional β-PDF Using the Natural Logarithm Function

Evaluation of Eq. (101).........................................................................................2.1-5
Exhibit 2.1-4 Comparison of β-PDF with Renormalization and Three Independent

Clipped Gaussian PDF at Distribution Parameter Overflow....................................2.1-6
Exhibit 2.1-5 Individual Stream Compositions ............................................................................2.1-7
Exhibit 2.1-6 Simulation Axial Temperature Profiles Comparing Clipped Gaussian

and β-PDF without Renormalization.....................................................................2.1-7
Exhibit 2.1-7 Simulation Axial Temperature Profiles Comparing Clipped Gaussian

and β-PDF with Renormalization..........................................................................2.1-8
Exhibit 2.1-8 Simulation Axial Oxygen Profiles Comparing Clipped Gaussian

and β-PDF with Renormalization..........................................................................2.1-9
Exhibit 2.1-9 Simulation Axial Oxygen Profiles Comparing Clipped Gaussian

and β-PDF without Renormalization...................................................................2.1-10
Exhibit 2.1-10 NO Beta PDF Case to Illustrate the Sensitivity to Coal Off-Gas

Composition and Mixing Model Application........................................................2.1-12
Exhibit 2.1-11 Centerline and Integrated Nitric Oxide Compositions for Uniform

Coal Off-Gas Streams and No Renormalization...................................................2.1-13
Exhibit 2.1-12 Radial Nitric Oxide Profiles for Uniform Coal Off-Gas Composition

without Renormalization......................................................................................2.1-14
Exhibit 2.1-13 Simulation Axial Nitric Oxide Profiles Comparing Clipped Gaussian

and β-PDF with Renormalization........................................................................2.1-16
Exhibit 2.2-1 Combustion 2000 Slagging Furnace and Support Systems.....................................2.2-1
Exhibit 2.2-2 Refractory Properties............................................................................................2.2-5
Exhibit 2.2-3 Illustration of the Uncooled Tubes in the CAH Tube Bank .....................................2.2-8
Exhibit 2.2-4 Results of Coal and Coal Ash Analysis for Coal-Fired Slagging

Furnace Tests.....................................................................................................2.2-10
Exhibit 2.2-5 Results of Lignite and Lignite Ash Analysis for

Lignite-Fired Slagging Furnace Tests...................................................................2.2-11
Exhibit 2.2-6 Furnace and Slag Screen Temperatures Versus Run Time for the

August 1999.......................................................................................................2.2-12
Exhibit 2.2-7 Slagging Furnace Firing Rate Versus Run Time for the August 1999 Test.............2.2-13
Exhibit 2.2-8 Photographs of Furnace Interior Showing New High-Density

Refractory in the Bottom Section of the Furnace After Curing..............................2.2-14
Exhibit 2.2-9 CAH Tube Surface and Flue Gas Temperatures Versus Run Time

for the August Test .............................................................................................2.2-16
Exhibit 2.2-10 CAH Process Air Temperatures Versus Run Time for the August Test.................2.2-17
Exhibit 2.2-11 CAH Process Air, RAH Process Air, Quench Gas, and Flue Gas

Flow Rates Versus Run Time for the August Test................................................2.2-17



vi

Exhibit 2.2-12 Thermocouple Locations in the CAH Tube Bank.................................................2.2-18
Exhibit 2.2-13 Description of CAH Thermocouple Locations .....................................................2.2-19
Exhibit 2.2-14 CAH Heat Recovery Versus Run Time for the August Test .................................2.2-20
Exhibit 2.2-15 Photograph of New Ceramic Tiles Installed on the RAH Panel Inside

of the Slagging Furnace in January 1999..............................................................2.2-21
Exhibit 2.2-16 Photograph of the RAH Panel Inside of the Slagging Furnace Following

the August Test...................................................................................................2.2-22
Exhibit 2.2-17 Photographs of the RAH Small Upper Tile Prior to the August Test.....................2.2-23
Exhibit 2.2-18 Photograph of the RAH Small Upper Tile Following the August Test ...................2.2-24
Exhibit 2.2-19 RAH Ceramic Tile Temperatures Versus Run Time for the August Test ...............2.2-25
Exhibit 2.2-20 RAH Tube Surface Temperatures Versus Run Time for the August Test ..............2.2-25
Exhibit 2.2-21 RAH Process Air Temperatures Versus Run Time for the August Test.................2.2-26
Exhibit 2.2-22 Thermocouple Locations in the RAH Panel.........................................................2.2-27
Exhibit 2.2-23 Description of RAH Panel Thermocouple Locations ............................................2.2-28
Exhibit 2.2-24 RAH Heat Recovery Versus Run Time for the August Test..................................2.2-29
Exhibit 2.2-25 Plot of Recession Versus Time for Plicast 98 Castable, With and Without Corrosion-

Resistant Coatings ..............................................................................................2.2-30
Exhibit 6-1 HIPPS Commercial Plant Block Diagram.................................................................6-3
Exhibit 6-2 Cleaned Coal-Based Flue Gas.................................................................................6-6
Exhibit 6-3 Natural Gas-Based Flue Gas ...................................................................................6-7
Exhibit 6-4 Gas Absorption Processes for CO2 Removal.........................................................6-12
Exhibit 6-5 Process Flow Diagram Of CO2 Removal By MEA Absorber/Stripper....................6-14
Exhibit 6-6 CO2 Removal by MEA Absorber/Stripper Major Stream Flow Rates ....................6-16
Exhibit 6-7 Major Equipment Costs CO2 Removal by MEA Absorber/Stripper........................6-17
Exhibit 6-8 Annual Utilities Cost CO2 Removal by MEA Absorber/Stripper .............................6-19
Exhibit 6-9 CO2 Removal By U.C. Solvent Absorber/Stripper .................................................6-21
Exhibit 6-10 Major Equipment Cost CO2 Removal by UCARSOL Absorber/Stripper ...............6-22
Exhibit 6-11 Annual Utilities Cost CO2 Removal by UCARSOL Absorber/Stripper ...................6-23
Exhibit 6-12 Physical Data of Flue Gas Components..................................................................6-24
Exhibit 6-13 CO2 Removal By Cryogenic Cooling .....................................................................6-25
Exhibit 6-14 Major Stream Flow Rates CO2 Removal by Cryogenic Cooling .............................6-27
Exhibit 6-15 Major Equipment Cost CO2 Removal by Cryogenic Cooling..................................6-29
Exhibit 6-16 Annual Utilities Costs CO2 Removal by Cryogenic Cooling.....................................6-30
Exhibit 6-17 PRISM Module.....................................................................................................6-32
Exhibit 6-18 Permea Membrane CO2 Process ...........................................................................6-33
Exhibit 6-19 RITE Process for CO2 Separation .........................................................................6-35
Exhibit 6-20 Composition of Feed Flue Gas and Permeate Gas Exiting the Low Pressure

Membrane of the RITE Process.............................................................................6-36
Exhibit 6-21 Membrane Gas Absorption Process.......................................................................6-38
Exhibit 6-22 Comparison of Air Combustion and Oxygen Combustion.......................................6-40
Exhibit 6-23 Comparison of CO2 Removal Processes ................................................................6-43



vii

Exhibit 6-24 IEA Comparison of CO2 Separation Technologies.................................................6-45
Exhibit 6-25 Basis for HIPPS Cost of CO2 Avoided .................................................................6-46
Exhibit 6-26 Costs for CO2 Avoided ........................................................................................6-47
Exhibit 6-27 Basis for HIPPS Cost of CO2 Avoided Oxygen Combustion Concept ..................6-48



viii

Executive Summary

This report represents work carried out under contract DE-AC22-95PC95144 “Combustion 2000:
Phase II.”  The goals of the program are to develop a coal-fired high performance power generation
system (HIPPS) that is capable of:

◊ ≥ 47% thermal efficiency (HHV)

◊ NOx, SOx, and particulates ≤ 10% NSPS

◊ coal providing ≥ 65% of heat input

◊ all solid wastes benign

◊ cost of electricity ≤ 90% of present plant

Work reported in this report is from Task 2.1 HITAF Combustor, Task 2.2 HITAF Air Heaters,
and Task 6 HIPPS Commercial Plant Design Update.

Task 2.1 HITAF Combustor
• A detailed pulverized-coal simulation study was performed that indicates a sensitivity to the

chosen shape of the PDF (clipped Gaussian or joint β).  This is specifically true when mixing
effects are significant.

• A suite of nitric oxide simulations showed a substantial difference in predicted profiles
depending on the choice of mixing and compositional mixture fraction model.  The results
indicate that utilization of the multiple-η formulation allows the proper fluctuation effects
germane to the implemented nitrogen oxide reaction pathways.

Task 2.2 HITAF Air Heaters
The following summarizes the results and observations for the August and

September SFS tests.

The pilot-scale SFS was fired on natural gas during the period August 20–26 and on eastern
Kentucky bituminous coal and natural gas during the period September 13–20, 1999.  The purpose of
the August test was to cure new high-density refractory in the furnace, slag tap, slag screen, and upper
section of the dilution/quench zone.  The objective of the September test was to further evaluate the
RAH panel, including firing it 50°F (28°C) hotter than the average in previous tests, and increase the
number of hours of exposure to slagging furnace conditions following its reassembly and installation in
early January.  In addition, the fuel fired in September was a new eastern Kentucky bituminous coal
with a higher ash fusion temperature than any other coal previously fired in the SFS.

.
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Combustion 2000 Slagging Furnace Run Summary

Dates Run Number Fuel CAH LRAH SRAH

Hours

on Gas

Hours

on Coal

Total

Hours

5/20 to 5/21/97 Refractory cure Natural Gas no no no 29 0 29

6/9 to 6/13/97 Refractory cure Natural gas no no no 99 0 99

6/17 to 6/20/97

High-temp

refractory cure Natural Gas no no no 71 0 71

6/25 to 6/26/97 Shakedown

Illinois #6

Bituminous Coal no no no 33 4 37

9/21 to 9/25/97 SFS-IL6-0197

Illinois #6

Bituminous Coal no no no 83 29 112

10/25 to10/31/97 SFS-RS1-0297

Rochelle

Subbituminous
Coal yes no no 98 47 145

11/30 to 12/4/97 SFS-RH1-0397 Natural Gas yes yes no 104 0 104

12/14 to12/19/97 SFS-RH2-0497

Illinois #6

Bituminous Coal yes yes no 80 35 115

2/9 to 2/13/98 SFS-RH3-0198

Illinois #6

Bituminous Coal yes yes no 60 51 111

3/16 to 3/20/98 SFS-RH4-0298

Rochelle

Subbituminous
Coal yes yes no 32 81 113

4/20 to 4/24/98 SFS-ND1-0398 CCS Lignite yes yes yes 120 50 170

6/8 to 6/12/98 SFS-ND2-0498

MRYS/CCS

Lignite yes yes yes 61 52 113

8/7 to 8/19/98 SFS-RH5-0598

Illinois #6

Bituminous Coal yes yes yes 163 116 279

12/6 to 12/11/98 SFS-RC1-0698 Natural Gas yes no no 86 0 86

1/24 to 1/29/99 SFS-RH6-0199

Illinois #6

Bituminous Coal yes yes no 55 60 115

2/14 to 2/19/99 SFS-RH7-0299 Kentucky Coal yes yes no 63 38 101

4/4 to 4/15/99 SFS-RH8-0399

Kentucky/Illinois
#6

Bituminous Coal yes yes no 63 201 264

5/2 to 5/10/99 SFS-RH9-0499

Illinois #6

Bituminous Coal yes yes no 79 109 188

8/20 to 8/26/99 SFS-RC2-0599 Natural Gas yes yes no 142 0 142

9/12 to 9/20/99 SFS-RH10-0699

Prater Creek

Bituminous Coal yes yes no 71 107 178

Total Hours 1592 980 2572

Note: Gas times include heat-up and cooldown
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• The fuel feed system was operated in August for 142 hours while natural gas was fired to cure new
high-density refractory in the slagging furnace, slag tap, slag screen, and dilution/quench zone.  In
September, it operated for 107 hours while eastern Kentucky bituminous coal was fired.  Nominal
feed rates were 150 to 160 lb/hr (68 to 73 kg/hr) for the eastern Kentucky coal.  Adjustments to
coal feed rate were made in order to maintain a furnace flue gas exit temperature of 2900°F
(1594°C).  During the test, the coal feed rate was quite stable except for a few minor spikes (high
and low) associated with coal hopper refill cycles.

• Data evaluation and sample analysis have not been completed for the September test.  Therefore,
this report summarizes the results and observations for the August test.

• The slagging furnace heating rate during the August test period was limited to 50°F/hr (28°C/hr)
while natural gas was fired, as recommended by the refractory supplier.  Hold points occurred at
250°F (121°C) for 24 hours and 650°F (344°C) for 12 hours.  Once the main burner firing rate
reached 3.0 MMBtu/hr (3.1 × 106 kJ/hr) the test plan called for holding this firing condition for 4 to
8 hours depending on when the furnace temperature stabilized.  The auxiliary burner firing rate was
maintained at  0.5 to 0.7 MMBtu/hr (0.6 to 0.8 × 106 kJ/hr).  However, a leak developed in a
water-cooled surface shortly after reaching the 3.0 MMBtu/hr (3.1 × 106 kJ/hr), and it was
necessary to begin the cooldown process prematurely.  The main and auxiliary burner natural gas-
firing rates were decreased gradually to control the furnace and slag screen cooldown rate at
100°F/hr (56°C/hr) or less.

• Inspection of the furnace refractory after the August test indicated that the new refractory in the
bottom section of the furnace was in good condition.

• The main and auxiliary burners performed well during the August and September tests.  Main burner
swirl was maintained at about 20%, while the auxiliary burner swirl setting was about 80%.

• A slag screen configuration of only three rows of tubes (nine total tubes) appears to be a good
choice for the eastern Kentucky bituminous coal and also works effectively when the Illinois No. 6
bituminous coal is fired.  If a Subbituminous coal is fired in the future, adding three additional rows
of tubes (nine additional tubes) would be considered.

• During the August and September tests, the dilution/quench zone was effectively used to control the
temperature of the flue gas entering the CAH tube bank.

• The process air preheaters functioned as intended during the August and September test periods.

• The August test was limited to natural gas firing, therefore the baghouse was off-line, and the flue
gas was diverted through the cyclone.  Therefore, there are no emission control data to discuss.
During the September test, baghouse differential pressure was effectively controlled using on-line
pulse cleaning.

• While natural gas was fired and the tubes were clean, heat recovery from the CAH tube bank was
nominally 40,000 Btu/hr (42,200 kJ/hr).  The inlet process air temperature was 1080°F (582°C),
and the outlet process air was 1270°F (688°C).  The CAH data continue to support the conclusion
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that the addition of the fins to the air-cooled tubes does not improve heat recovery during natural
gas-fired periods with clean tube surfaces.

• The purpose of the August test was to cure new high-density refractory in the furnace, slag tap, slag
screen, and dilution/quench zone.  In September, the objective was to further expose the RAH
ceramic tiles to slagging furnace conditions and evaluate the RAH panel performance relative to heat
transfer, tile and tube temperatures, and process air temperatures and flow rates.

• The initial inspection revealed the presence of minor cracks in two of the five RAH ceramic tiles.
There was no change in the degree of RAH tile cracking as a result of the August test.  Generally,
the performance of the RAH panel this past quarter was as anticipated, with no significant process
or material problems observed.

• The use of ceramic cement was successful both in August and September to reattach corners that
broke off from a tile.

• At process air flow rates of 180 and 200 scfm (5.1 and 5.7 m3/min), the heat recovered from the
RAH panel while natural gas was fired was 112,000 to 129,350 Btu/hr (118,160 to 136,464
kJ/hr).  The heat recovery range represents the maximum heat recovery rate once the main burner
firing rate was nominally 3 MMBtu/hr (3.1 × 106 kJ/hr).  The RAH heat recovery observed in
August is comparable to natural gas-fired periods during previous SFS tests.

• To date, the RAH panel has been exposed to a range of furnace-firing conditions for a total of 1993
hours.  Natural gas firing represents 1093 hours, and coal/lignite firing represents 900 hours.  In
addition, the RAH panel has been exposed to thirteen heating and cooling cycles.  The RAH
ceramic tiles that were installed in January 1999 have been exposed to six heating and cooling
cycles and 988 hours of slagging furnace operation: 473 hours of natural gas firing (including heatup
and cooldown) and 515 hours of coal firing.  The longest continuous coal-fired period was 184
hours, completed in April 1999.

• The next SFS operating period is tentatively scheduled for November/December.
• Firing to 2957°F (1625°C) caused the recession rate to be greatly reduced on Plicast 98 dynamic

corrosion test samples.  This is very important for areas of the SFS combustor such as the slag tap
which is exposed to maximum temperatures of 2732°F (1500°C).

Task 6 HIPPS Commercial Plant Design Update
The primary conclusions from a study of CO2 separation and capture are listed below.

• There are several technologies that can remove CO2 from the HIPPS flue gas.  From the currently
available commercial processes, and those processes with near term potential for technical
feasibility, MEA absorption and oxygen combustion have the least impacts on cost of electricity,
and lowest costs per ton of CO2 captured.

• Compared to conventional pulverized coal-fired power systems and IGCC, the HIPPS plant design
has relative advantages for CO2 separation because of its higher efficiency, and opportunity to
capture the CO2 concentrated in the coal-derived flue gas.
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• There are areas in the HIPPS design with CO2 capture (MEA absorption and oxygen combustion)
where optimization engineering could potentially lower costs.

• To fully evaluate the impact of CO2 capture on HIPPS and other technologies, a more site specific
comparison with liquefaction of the CO2 gas, transportation and sequestration all included.

• A detailed methodology for computing CO2 capture costs would be useful to the US DOE and
industry so that comparable figures can be calculated for different cases.

• While the increases for the cost of electric power are substantial when CO2 capture is added to the
HIPPS plant, the higher cost does not appear prohibitive if environmental benefits can be proven by
the CO2 removal.  In addition to the approximately 20% increase of the cost of electricity from CO2

capture, there will be significant and very site specific costs for liquefaction, transport and
sequestration, which could easily double the COE increase.
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Introduction

The High Performance Power Systems (HIPPS) electric power generation plant integrates a
combustion gas turbine and heat recovery steam generator (HRSG) combined cycle arrangement with
an advanced coal-fired boiler.  The unique feature of the HIPPS plant is the partial heating of gas turbine
(GT) compressor outlet air using energy released by firing coal in the high temperature advanced furnace
(HITAF).  The compressed air is additionally heated prior to entering the GT expander section by
burning natural gas.  Thermal energy in the gas turbine exhaust and in the HITAF flue gas are used in a
steam cycle to maximize electric power production.  The HIPPS plant arrangement is thus a
combination of existing technologies (gas turbine, heat recovery boilers, conventional steam cycle) and
new technologies (the HITAF design including the air heaters, and especially the heater located in the
radiant section).

The HITAF provides heat to the compressor outlet air using two air heaters, a convective air heater
(CAH), and a radiant air heater (RAH).  The HITAF is a slagging furnace which contains the radiant air
heater, as well as waterwalls and steam drum for the high pressure (HP) steam system.  Hot flue gas
leaving the HITAF furnace passes over the CAH prior to entering a heat recovery steam generator
(HRSG).  Hot exhaust gas from the gas turbine is ducted to another HRSG in a typical combined cycle
arrangement.  The HITAF, gas turbine and HRSGs are configured to achieve the required high
efficiency of  the HIPPS plant.

The key to the success of the concept is the development of integrated combustor/air heater that will
fire a wide range of US coals with minimal natural gas and with the reliability of current coal-fired plants.
The compatibility of the slagging combustor with the high temperature radiant air heater is the critical
challenge.
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Task 2.1 HITAF Combustors

β -PDF Simulation Case Study
Simulation cases of the University of Utah bench scale test facility coal fired furnace are presented

to evaluate the sensitivity of state space variables and nitric oxide compositions to a varying mixture
fraction coal off-gas composition.  Sensitivity of state space variables to the chosen PDF (clipped
Gaussian or joint β) is explored through pulverized-coal simulation studies of a University of Utah
research furnace test case.

The University of Utah multi-fuel combustion research furnace is down-fired with a nominal firing
rate of 29 kW.  The combustion chamber is 0.16 meters in diameter and has a U configuration.  The
overall length of the furnace is 7.3 meters. Ports along the length of the furnace are available for
extracting samples and injecting air or fuel.  Detailed plans of the University of Utah bench scale furnace
may be found at Spinti (1997) and Veranth (1998).  In the experimental case presented herein,
Pittsburgh #8 coal was fired at a coal mass flow rate of 3.53 kg/hr through a premixed coal burner.  The
incoming primary air flow rate was 1165 SCFM and the inlet temperature was taken to be 505 K.

Each of the reported simulation cases includes a six particle size bin with five Lagrangian cloud
starting locations for each particle size and reactivity. The char oxidation submodel is the CBK (Hurt et
al., 1998) with thermal annealing, ash film resistance and reactivity distribution.  Details of the coal
compositions and CBK parameters may be found in Exhibit 2.1-1.

The course mesh size is 20x17x17 and all cases were run on an SGI Oxygen work station.  The
finite difference equations for u, v, w, k, ε, p, pc and all appropriate mean mixture fraction and variance
progress variables were solved until the maximum of all the finite difference equation residuals were less
than 3.5 (Smith, 1990).
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Exhibit 2.1-1
Pittsburgh #8 coal parameters.

Case Studies

State space variable sensitivity to the shape of the assumed PDF is explored through comparisons
of a single clipped Gaussian PDF and a multi-dimensional β-PDF with all coal off-gas stream
compositions set to that of the parent coal.  Therefore, specification of the residual char to be that of the
parent coal for the multiple-η formulation allows direct shape comparison with the single clipped
Gaussian PDF mixing model.  To review, the multiple-η, coal off-gas mixture fraction formulation
calculates three turbulent coal off-gas mixture fractions originating from the two devolatilization and
single char oxidation streams.  The uniform-η formulation uses one mixture fraction to describe the
uniform transport of all coal off-gas.

Exhibit 2.1-2 is a comprehensive plot of all uniform composition simulation cases.  The simulation
cases presented are as follows:
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• no mixing model,

• single clipped Gaussian PDF,

• joint β-PDF with renormalization,

• joint β-PDF without renormalization,

• joint β-PDF with three assumed independent clipped Gaussian at distribution parameter overflow,

• robust joint β=PDF method (to be explained in this section) and,

• lastly, three independent clipped Gaussian probability distribution functions that neglect intermittence
effects.
The axial temperature plots shown in Exhibit 2.1-2 represent fully converged cases that include

multiple particle iterations.  Small changes in state space variables, therefore, are expected to drastically
effect devolatilization and char oxidation rates.

The simulation case using the robust β-PDF involves recasting the joint PDF to natural logarithm
form, thus eliminating the overflow problem with large distribution factors.  Function evaluations of the
joint β-PDF, as required for any chosen integration algorithm, are obtained by first taking the natural
logarithm of the joint β-PDF,
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Simplification of Eq. (100) yields
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The precise function evaluation of the β-PDF is simply obtained by taking the exponential of Eq.
(101).  This novel formulation perfectly extends the use of the β-PDF to an arbitrarily high distribution
factor.  Therefore, the process of renormalization, as proposed and developed by Chen et al. (1994),
represents only a partial fix to the overflow problem.  Recall, that Chen et al. (1994) proposed that the
overflow problem can be overcome by normalization of the maximum β-PDF distribution parameter to
one that will not result in machine overflow.  In this procedure, each distribution parameter is normalized
such that the ratio of any distribution parameter is conserved, however, is suitably low to prevent
machine overflow.
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Exhibit 2.1-2
Summary of the University of Utah Bench Scale Furnace Simulation Cases

Exhibit 2.1-3 is an example of the natural logarithm algorithm for a 1-dimensional β-PDF with a
mean value of 0.1 and variance of 1 x 10-7.  This mean and variance corresponds to distribution factors
al and a2 to be 89,999.99 and 809999.0, respectively.

Comparison of the individual temperature plots, as shown in Exhibit 2.1-2, indicates that utilizing the
robust β-PDF formulation is quite similar to the case of renormalization.  Using mean values, however,
does appear to yield slightly different outlet temperatures.  Therefore, at machine overflow, there does
exist a slight mixing effect that is captured by the renormalization technique, yet missed by the utilization
of mean values.  Furthermore, it appears that the robust joint β-PDF formulation does coalesce to the 3
independent clipped Gaussian probability distribution function formulation as shown in Exhibit 2.1-4.

Exhibit 2.1-2 also includes a case using three independent clipped Gaussian independent probability
distribution functions without the effects of intermittency.  The exact disparity between this case and
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others is unknown and was not pursued due to the non-intuitive numerical algorithm needed to calculate
4(2(N-1) - 1) total terms (Brewster et al., 1988)1.

Exhibit 2.1-3
One-dimensional β -PDF Using the Natural Logarithm Function Evaluation

of Eq. (101).

                                                
1 (%) again represents the total number of physical streams.  In the case of three coal off-gas

mixture fractions and one inlet stream, the total number of terms for the triple independent clipped
Gaussian formulation is 15.
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Exhibit 2.1-4
Comparison of β -PDF with Renormalization and Three Independent Clipped

Gaussian PDF at Distribution Parameter Overflow

Variable Composition

The calculation of multiple coal off-gas mixture fraction progress variable via a PDE solve affords
the specification of a residual char composition.  The ability to distinguish individual coal off-gas mixture
fractions allows capturing of the known compositional differences throughout the devolatilization and
char oxidation combustion regime (Michell, 1992).

The specification of the char composition for Pittsburgh # 8 coal was given in Spinti (1997) and the
values used in this simulation study are given in Exhibit 2.1-5.  Exhibits 2.1-6 and 2.1-7 are axial plots
of centerline temperature comparing the effect of a varying coal off-gas composition.  The simulation
cases shown are for the cases with and without the use of renormalization. Each plot also shows the
experimental data provided within the dissertation of Spinti (1997).
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Exhibit 2.1-5
Individual Stream Compositions

Although the state space variable temperature is rather insensitive to both the choice of mixing
model used at distribution overflow and the use of a multiple coal off-gas composition, other state space
variables such as oxygen are not. Exhibits 2.1-8 and 2.1-9 are simulation plots comparing axial oxygen
profiles for cases with and without the use of renormalization.

Exhibit 2.1-6
Simulation Axial Temperature Profiles Comparing Clipped Gaussian and β -PDF

without Renormalization
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Exhibit 2.1-7
Simulation Axial Temperature Profiles Comparing Clipped Gaussian and β -PDF

with Renormalization
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Exhibit 2.1-8
Simulation Axial Oxygen Profiles Comparing Clipped Gaussian and β -PDF with

Renormalization
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Exhibit 2.1-9
Simulation Axial Oxygen Profiles Comparing Clipped Gaussian and β -PDF without

Renormalization

Joint β -PDF NO Case Study

Nitric oxide sensitivity to the use of a variable coal off-gas composition and the choice of mixing
model will now be presented.  Exhibit 2.1-10 is a plot that demonstrates the nitric oxide sensitivity of a
variable coal off-gas composition and the mixing model effect of renormalization.  The exhibit indicates a
substantial sensitivity of predicted nitric oxide compositions to the choice of mixing and compositional
model used.  The use of a varying coal off-gas composition, for example, can lead to differences in
predicted NO levels of up to 300 ppm.  Moreover, the use of renormalization can change outlet NO
levels by more than 350 ppm.

Although simulation centerline profiles are useful for comparison with experimental data, integrated
profiles can add insight to global behavior.  The overall trend of the multiple-η cases centerline nitric
oxide compositions rising to a maximum and subsequently dropping to a lower outlet nitric oxide
composition is due to local mixing effects.  Exhibit 2.1-11 is plot showing centerline and integrated nitric
oxide compositions for the simulation case without renormalization and use of a uniform coal off-gas
composition.  The integrated NO level rises rapidly and flattens at approximately 1.5 meters.  Exhibit
2.1-12 is the corresponding radial nitric oxide profiles for the simulation case depicted in Exhibit 2.1-11.
The three planes shown in Exhibit 2.1-12 are 0.55, 1.03 and 2.14 meters.



2.1-11

The early radial profile (0.55 meters) demonstrates a local minimum at the centerline (0.08 meters)
that corresponds to a oxygen lean environment (see Exhibit 2.1-9).  Therefore, the integrated nitric
oxide profile is greater than the centerline value.  At the axial location of 1.03 meters, the abundance of
centerline oxygen leads to higher nitric oxide compositions at the center of the furnace.  As the system
becomes fully mixed, the profile flattens and the integrated and centerline NO profiles coalesce as
shown in Exhibit 2.1-11.
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Exhibit 2.1-10
NO Beta PDF Case to Illustrate the Sensitivity to Coal Off-Gas Composition and

Mixing Model Application
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Exhibit 2.1-11
Centerline and Integrated Nitric Oxide Compositions for Uniform Coal Off-Gas

Streams and No Renormalization
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Exhibit 2.1-12
Radial Nitric Oxide Profiles for Uniform Coal Off-Gas Composition without

Renormalization

PDF and Clipped Gaussian PDF NO comparison

Although nitric oxide simulation profiles have shown significant sensitivity to the choice of a coal off-
gas compositional model, the temperature fields in these simulations have been shown to be rather
insensitive.  Therefore, the nitric oxide modeling approach of Smith et al. (1982) may be adequate.
Recall, the salient feature of this post-processor model was the ability to distinguish between char-
nitrogen and devolatilized-nitrogen by the calculation of the turbulent mixture fraction of coal off-gas
originating from the devolatilization pathways.  Although the compositional effect was not coupled to the
main field combustion code, this compositional effect was solely included in the calculation of nitrogen
mass source terms.  In this section, comparisons between the multiple-n formulation with a prescribed
joint β-PDF will be compared to the volη~  formulation (Eddings et al., 1994; Smith et al., 1982).

Exhibit 2.1-13 is a plot comparing the volη~  model with the joint β-PDF multiple-η nitric oxide
model without the use of renormalization.  The simulation cases for the volη~  model use both uniform and
variable compositions for the coal off-gas as shown.  The uniform volη~  case specifies a char nitrogen
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composition to be that of the parent coal (1.74), while the variable case specified the char-nitrogen
composition to be 1.56.

Exhibit 2.1-13 clearly indicates a substantial disparity in predicted NO profiles depending on the
choice of mixing model used.  The full ramification of an assumed non-fluctuating volatile stream is, at
last, quantified.  Specifically, the use of a mean volatile coal off-gas mixture fraction does not allow the
ability to accurately calculate instantaneous NO and HCN reaction rates.  The instantaneous reaction
rates in the volη~  formulation, therefore, only include fluctuation effects in temperature, N2,  02 and
hydrocarbon mole fractions, CHi.

Of further interest, is the comparison between the two volη~  cases.  The plot indicates that the two
models are virtually indistinguishable.  This indicates that the use of a variable coal off-gas composition
within the volη~  formulation is of little consequence.  In fact, the study of Eddings et al. (1994) was
between the volη~  formulation with a variable composition and the original NO model outlined in Smith et
al. (1982) and Smoot and Smith (1985).  The ability to distinguish between char and devolatilized-
nitrogen was not a feature in this original 1980 nitric oxide submodel.  Moreover, full fluctuations in NO
and HCN compositions were included within the 1980 model.  Therefore, the disparity between the
original NO model of Smith et al. (1982) and the volη~  formulation was not simply due to the ability to
differentiate between char and devolatilized-nitrogen as subtly outlined in Eddings et al. (1994).  Rather,
the disparity was due to the mixing model, which is used to determine mean reaction rates for the
species transport equation for HCN and NO, and the chosen modeling process of NO and HCN
source terms.  (Specifically, assuming that all nitrogen released from the coal can appear as HCN vs.
assuming that a fraction of char-nitrogen was converted to NO and a fraction of devolatilized-nitrogen
appeared as HCN).
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Exhibit 2.1-13
Simulation Axial Nitric Oxide Profiles Comparing Clipped Gaussian and β -PDF

with Renormalization

Conclusions

A detailed pulverized-coal simulation study has been presented that indicates a state space variable
sensitivity to the chosen shape of the PDF.  This is specifically true when mixing effects are significant.
The joint β-PDF simulation study of a uniform coal off-gas composition indicates that a variety of
techniques can be employed when machine overflow is reached for the function evaluation of the β-
PDF.  Using the product of three independent clipped Gaussian probability density functions performed
equally as using the renormalization technique of Chen et al. (1994).  Moreover, the robust β-PDF
natural logarithm formulation perfectly extends this shape in absence of augmentation to the variance
(renormalization) or the use of three independent clipped Gaussian techniques.

The suite of nitric oxide simulations showed a substantial difference in predicted profiles depending
on the choice of mixing and compositional mixture fraction model.  The results indicate that utilization of
the multiple-η formulation allows the proper fluctuation effects germane to the implemented nitrogen
oxide reaction pathways.  Although compositional effects were not shown to be significant for state
space variables, such as temperature, there was a substantial effect on NO simulations.
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Task 2.2 HITAF Air Heaters

Pilot-Scale Testing

EERC pilot-scale activities this past quarter involved HITAF testing.  They involved system
repairs and SFS operating periods completed in August and September 1999.  Funding for most
of the work was provided through the subcontract to UTRC for Combustion 2000 work.
However, some funding for refractory replacement in the SFS was provided through the
Cooperative Agreement between the EERC and the Federal Energy Technology Center (FETC)
under Task 3.3, High-Temperature Heat Exchanger Testing in a Pilot-Scale Slagging Furnace
System (Contract No. DE-FC26-98FT40320).

Description of Pilot-Scale SFS

Exhibit 2.2-1 is a simplified illustration of the overall SFS.  There have been no changes to
the exhibit in the past quarter nor has there been any additional equipment procured.
Instrumentation work this past quarter focused on routine maintenance and calibration of SFS
components.  Other activities were limited to replacement of the high-density refractory in the
slagging furnace, slag tap, slag screen, and dilution/quench zone; replacement of a high-
temperature/high-pressure process air flex hose; and miscellaneous maintenance items in support
of overall system operation.  The coal-fired test in September did not run for 200 hours as
planned.  A leak developed in a high-temperature/high-pressure process air flex hose, and it was
necessary to terminate the test after only 107 hours of coal firing were completed.

Exhibit 2.2-1
Combustion 2000 Slagging Furnace and Support Systems
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Fuel Feed System

No maintenance or repairs were required on the fuel feed system this past quarter.  Coal feed
system leaks were not observed during the September test.  The history associated with the
nitrogen-purged mechanical seals that were installed is insufficient to predict the required seal
replacement rate.  It is likely that the replacement frequency will depend on the fuel type, feed
rate, and the need to change the feeder screws.

Slagging Furnace

The pilot-scale slagging furnace design is intended to be as fuel-flexible as possible, with
maximum furnace exit temperatures of 2700° to 2900°F (1483° to 1593°C) to maintain the
desired heat transfer to the RAH panel and slag flow.  The furnace has a nominal firing rate of
2.5 MMBtu/hr (2.6 × 106 kJ/hr) and a range of 2.0 to 3.0 MMBtu/hr (2.1 to 3.2 × 106 kJ/hr) using
a single burner.  The design is based on Illinois No. 6 bituminous coal (11,100 Btu/lb or 25,800
kJ/kg) and a nominal furnace residence time of 3.5 s.  Flue gas flow rates range from roughly
425 to 645 scfm (12.0 to 18.6 m3 /min), with a nominal value of 530 scfm (15 m3 /min) based on
20% excess air.  Firing a subbituminous coal or lignite increases the flue gas volume, decreasing
residence time to roughly 2.6 s. However, the high volatility of the low-rank fuels results in high
combustion efficiency (>99%).

The EERC oriented the furnace vertically (downfired) and based the burner design on that of
a swirl burner used on two smaller EERC pilot-scale pulverized coal (pc)-fired units (600,000
Btu/hr [633,000 kJ/hr]).  Slagging furnace internal dimensions are 47 in. (119 cm) in diameter by
roughly 16 ft (4.9 m) in total length.

The vertically oriented furnace shell was designed to include four distinct furnace sections.
The top section of the furnace supports the main burner connection, while the upper middle
furnace section provides a location for installation of the RAH panel.  The lower middle furnace
section supports the auxiliary gas burner; the bottom section of the furnace includes the furnace
exit to the slag screen as well as the slag tap opening.  Flue gas temperature measurements are
made using two Type S thermocouples protruding 1 in. (2.5 cm) into the furnace through the
refractory wall and three optical pyrometers (flame temperature, flue gas temperature along the
furnace wall near the RAH panel, and flue gas temperature at the furnace exit).  Furnace
temperature is also measured using thermocouples located at the interface between the high-
density and intermediate refractory layers as well as between the intermediate and insulating
refractory layers.  A pressure transmitter and gauges are used to monitor static pressures in order
to monitor furnace performance.  These data (temperatures and pressures) are automatically
logged into the data acquisition system and recorded manually on data sheets on a periodic basis
as backup.

The slag tap is intended to be as simple and functional as possible.  To that end, the design is
a simple refractory-lined hole in the bottom of the furnace.  The diameter of the slag tap is
nominally 4 in. (10 cm), with a well-defined drip edge.  A two-port natural gas-fired taphole
burner is used to maintain slag tap temperature for good slag flow.  To minimize heat losses, slag
is collected in an uncooled, dry container with refractory walls.  Typically, when the slag tap has
plugged in the past year, the plug was removed on-line after a switch was made to natural gas
firing for a short period of time (2 hours) in the main burner.  More recently, an approach has
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been developed and personnel safety equipment acquired that permit the removal of slag tap
plugs on-line while coal is fired.

The slag tap plugged in May 1999 as a result of a portion of the high-density refractory in the
sloped floor on the bottom of the slagging furnace sliding into and over the slag tap.  This
refractory slide looked much like a mud slide resulting from water-saturated soil.  However, in
this case, the high-density refractory was saturated with slag to the point that its composition had
been effectively changed, and it began to flow.  EERC personnel had observed the high-density
refractory deterioration in this section of the furnace and planned to replace it following the May
test.  This section of castable high-density refractory was originally poured in 1997 when the
furnace was originally assembled.  This section of refractory had experienced 873 hours of coal
firing and 1379 hours of natural gas firing for a total of 2252 hours of furnace operation and 18
thermal cycles.  As a result of this high-density refractory failure, it was necessary to replace the
high-density refractory in the bottom section of the furnace this past quarter as well as the slag
tap.

In an attempt to improve the durability of the slag tap high-density castable refractory, a new
slag tap was poured in a mold and cured in the dynamic slagging application furnace (DSAF) at
a temperature of 2957°F (1625°C).  This is a higher temperature than can be achieved with the
slag tap burners.  This approach to fabricating the slag tap should improve its durability since
bench-scale tests, described later in this report, have shown that firing the refractory to this
temperature decreases slag corrosion by 70% as compared to firing to the normal furnace
temperature. Prefiring will also facilitate the application, curing, and evaluation of slag-resistant
coatings that may be selected for testing in the future.

The refractory walls in the slagging furnace are composed of three layers of castable
refractory.  They consist of an inner 4-in. (10.2-cm) layer of high-density (14-Btu-in./ft2 °F-hr or
2.0-W/m-K) slag-resistant material; 4 in. (10.2 cm) of an intermediate refractory (4.0-Btu-in./ ft2 

°F-hr or 0.6 W/m-K); and a 3.25-in. (8.3-cm) outer layer of a low-density insulating refractory
(1.3 Btu-in./ft2 °F-hr or 0.2 W/m-K).  Three refractory layers were selected as a cost-effective
approach to keep the overall size and weight of the system to a minimum while reducing slag
corrosion and heat loss.

Complete replacement of the high-density furnace refractory was anticipated in the original
scope of work, although the lifetime of the material was uncertain because of the variable slag
deposition that was anticipated.  Most of the original high-density refractory lasted until after the
August 1998 test period, after which the decision was made to replace it because of extensive
cracking caused by differences in the expansion and contraction of the inner and middle liners
during each heating and cooling cycle.  Actual corrosion of the high-density liner was minimal,
except for newer patches that were not completely sintered and for areas of flame impingement.
The timing worked out well with the need to replace/reassemble ceramic components in the
RAH panel.  Exhibit 2.2-2 summarizes properties for refractories used in the SFS.

Because of its greater structural strength and high corrosion resistance, Plibrico Plicast
Cement-Free 98V alumina castable was used to replace the high-density refractory in the bottom
furnace section.  Based on vendor information and bench-scale data, Plicast Cement-Free 98V
was expected to be less prone to shrinkage than the 98V KK and 99V KK materials originally
used in this furnace section while having comparable slag corrosion resistance.  Before the high-
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density refractory was poured, the intermediate and insulating refractory layers were patched to
repair areas damaged when the high-density refractory was removed.

The condition of the high-density refractory in the upper sections of the furnace appeared to
be excellent following the tests completed in April, May, and September 1999.  However, the
high-density refractory layer is getting darker with each test as a result of slag penetration of the
surface.  At this time, the EERC is anticipating that no further major refractory repairs or
replacement will be required in the slagging furnace prior to completing the remaining 9 weeks
(one 500-hour, two 200-hour, and one 300-hour coal-fired test) of SFS operation.

Main and Auxiliary Burners

The main burner is natural gas- and pulverized fuel-capable.  The basic design is an
International Flame Research Foundation (IFRF)-type adjustable secondary air swirl generator
which uses primary and secondary air at approximately 15% and 85% of the total air,
respectively, to adjust swirl.  Increasing swirl to provide flame stability and increased carbon
conversion can also affect the formation of NOx.  Carbon conversion has been >99% when
bituminous and subbituminous coal and lignite are fired.  High carbon conversions can be
obtained at low swirl settings because of the high operating temperature and adequate residence
time.  Combustion air flow rates through the main burner range from about 400 to 600 scfm (11
to 17 m3/min), depending on furnace firing rate and the fuel type (bituminous, subbituminous, or
lignite) fired.
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Exhibit 2.2-2
Refractory Properties

Refractory:

Plicast
Cement-Free

99V
KK/99V1

Plicast
Cement-Free
98V KK/98V1

Plicast
Cement-Free
96V KK/96V1

Narco
Cast 60

Plicast
LWI-28

Plicast
LWI-20

Harbison-
Walker 26

Function High density High density High density High density Insulating Insulating Insulating
Service Limit, °F 3400 3400 3300 3100 2800 2000 2600
Density, lb/ft3 185 185 185 145 80 55 66
K, Btu-in./ft2 °F-hr @ 2000°F 14.5 14.5 14.0 6.5 4.0 NA2 2.2
K, Btu-in./ft2 °F-hr @ 1500°F 14.7 14.7 14.2 6.0 3.0 1.7 1.9
K, Btu-in./ft2 °F-hr @ 1000°F 15.5 15.5 15.0 5.6 2.7 1.3 1.7
Hot MOR3 @ 2500°F, psi 650 750 1400 NA NA NA NA
Hot MOR @ 1500°F, psi − – 2000 1000 250 100 110

Cold Crush Strength @ 1500°F, psi – – 10000 NA 750 400 350
Typical Chemical Analysis, wt%
(calcined)
Al2O3 99.6 98.6 95.5 62.2 54.2 39.6 53.8
SiO2 0.1 1.0 3.8 28.0 36.3 31.5 36.3
Fe2O3 0.1 0.1 0.1 1.0 0.8 5.4 0.5
TiO2 0.0 0.0 0.0 1.7 0.5 1.5 0.6
CaO 0.1 0.1 0.1 2.8 5.7 19.5 7.2
MgO 0.0 0.0 0.0 0.1 0.2 0.8 0.2
Alkalies 0.2 0.2 0.2 0.2 1.5 1.4 1.4

1 The “KK” designation indicates the presence of fibers that promote dewatering during curing.
2 Not applicable.
3 Modulus of rupture.
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An auxiliary gas burner (850,000 Btu/hr or 896,750 kJ/hr) is located near the furnace exit to
control furnace exit temperature, ensuring desired slag flow from the furnace and the slag screen.
This auxiliary burner is used to compensate for heat losses through the furnace walls, sight ports,
and RAH test panel.  Use of the auxiliary gas burner is beneficial during start-up to reduce
heatup time and to prevent slag from freezing on the slag screen when the switch is initially
made to coal firing.

Radiant Air Heater Panel

The RAH test panel arrived at the EERC on September 15, 1997.  Final assembly and
installation of the RAH panel into the furnace took place in November 1997.  A key design
feature of the furnace is accessibility for installation and testing of an RAH panel.  The furnace
design will accept a panel with a maximum active size of 1.5 × 6.4 ft (0.46 × 1.96 m).  This size
was selected based on panel-manufacturing constraints identified by UTRC as well as a desire to
minimize furnace heat losses.  Flame impingement on the RAH panel is not necessarily a
problem.  Process air for the RAH panel is provided by an existing EERC air compressor system
having a maximum delivery rate of 510 scfm (14.4 m3/min) and a maximum stable delivery
pressure of 275 psig (19 bar). Backup process air is available from a smaller compressor at a
maximum delivery rate of 300 scfm (8.5 m3/min) and pressure of <100 psig (<7 bar).  A tie-in to
an existing nitrogen system is also available as a backup to the existing air compressor system.
In the event of a failure of inlet process air piping, a backflow emergency piping system was
installed so that overheating of the RAH panel could be avoided.  UTRC designed and fabricated
the RAH test panel.

Slag Screen

The slag screen design for the pilot-scale SFS is the result of a cooperative effort between the
EERC, UTRC, and PSI personnel.  The primary objective for the pilot-scale slag screen is to
reduce the concentration of ash particles entering the convective air heater (CAH) tube bank.
The walls of the slag screen consist of two refractory layers.  The inner, high-density layer is a
Plicast Cement-Free 98V with an outer insulating layer of Harbison-Walker Castable 26.  The
high-density refractory is 2.25 in. (5.7 cm) thick in the sidewalls and 4 in. (10.2 cm) thick in the
roof and floor of the slag screen.  The insulating refractory is 3.75 in. (9.5 cm) thick in the
sidewalls, roof, and floor.  A Plicast LWI-28 refractory was used around the sight ports in the
wall of the slag screen.  Properties for the high-density and insulating refractories selected for
use in the slag screen are summarized in Exhibit 2.2-2.  Water-cooled surfaces were installed
inside of the refractory tubes to cool the tubes and reduce the erosion/corrosion observed during
shakedown tests.  Specific details concerning slag screen modifications and performance this
quarter are addressed later in this report.

Dilution/Quench Zone

The dilution/quench zone design was a cooperative effort between the EERC and UTRC.
The circular dilution/quench zone is oriented vertically and maintains a 1.17-ft (0.36-m) diameter
in the area of the flue gas recirculation (FGR) nozzles, with the duct diameter expanding to 2 ft
(0.6 m) to provide adequate residence time within duct length constraints.  The duct section
containing the FGR nozzles is a spool piece to accommodate potential changes to the size,
number, and orientation of the FGR nozzles.  The vertically oriented dilution/quench zone is
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refractory-lined and located immediately downstream of the slag screen and upstream of the
CAH duct.

Routine cleaning of the dilution/quench zone has been required during each weeklong
bituminous and subbituminous coal-fired test.  In order to monitor and document the slag
deposition in the dilution/quench zone, a pressure transmitter is used to monitor and record
differential pressure.  On the basis of observations during the August 1998 test and the frequent
cleaning required, the EERC modified the spool piece section of the dilution/quench zone.  The
specific modification involved the addition of a water-cooled wall around the FGR nozzles.  This
water-cooled wall appears to embrittle the slag deposits that form in this area, making them more
prone to spontaneous shedding and generally easier to remove on-line.  Performance
observations as a result of the August and September tests are summarized later in this report.

Convective Air Heater

The CAH design was a cooperative effort between the EERC and UTRC.  It was constructed
by UTRC and installed in September 1997.  The flue gas flow rate to the CAH tube bank has
been calculated to range from 3553 to 4619 acfm at 1800°F (101 to 131 m3/min at 982°C).  A
rectangular inside duct dimension of 1.17 ft2 (0.11 m2) results in a flue gas approach velocity of
50 to 73 ft/s (15 to 22 m/s) to the CAH.

The CAH originally consisted of twelve 2-in. (5-cm)-diameter tubes installed in a staggered
three-row array.  The first five tubes in the flue gas path were uncooled ceramic material, with
the remaining seven tubes cooled by heated air.  The uncooled ceramic tubes were replaced in
May 1998 with uncooled stainless steel tubes.  Replacement of the ceramic tubes was necessary
because they were repeatedly damaged when the tube bank was removed from the duct after the
test periods in February, March, and April.

In September 1998, the uncooled tubes were again replaced.  The replacement tubes
represented three high-temperature alloy types (Incoloy MA956, Incoloy MA956HT, and
PM2000) and three pipe sizes (1.5-in. [3.8-cm] Schedule 80, 1-in. [2.5-cm] Schedule 40, and
0.75-in. [1.9-cm] Schedule 40, respectively).  Exhibit 2.2-3 illustrates the position, size, and
alloy type for the five uncooled tubes.  Two of the uncooled tubes will be removed from the
CAH tube bank early next quarter following the September SFS test and returned to UTRC for
characterization.  The tubes to be removed for characterization are an Incoloy Alloy MA956 and
the Incoloy Alloy MA956HT.
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Exhibit 2.2-3
Illustration of the Uncooled Tubes in the CAH Tube Bank

Emission Control

A pulse-jet baghouse is used for final particulate control on the pilot-scale SFS.  The
baghouse design permits operation at both cold-side (250° to 400°F, 121° to 205°C) and hot-side
(600° to 700°F, 316° to 371°C) temperatures.  The primary baghouse chamber and ash hopper
walls are electrically heated and insulated to provide adequate temperature control to minimize
heat loss and avoid condensation problems on start-up and shutdown.  The main baghouse
chamber was designed with internal angle iron supports to handle a negative static pressure of
20 in. W.C. (37 mmHg).

During the past quarter, a single tube sheet was used, permitting the installation of 36 bags
arranged in a six-by-six array.  Bag dimensions are nominally 6 in. (15.2 cm) in diameter by 10
ft (3.0 m) in length, providing a total filtration area of (565 ft2 [52.5 m2]).  The bag type being
used at this time is a 22-oz/yd2 (747-g/m2) woven glass bag with a polytetrafluoroethylene
(PTFE) membrane.  Pulse cleaning of the bags was accomplished on-line using a reservoir pulse-
air pressure of nominally 60 psig (4.1 bar).  Baghouse performance observations as a result of the
August and September tests are summarized later in this report.

Instrumentation and Data Acquisition

The instrumentation and data acquisition components for the pilot-scale SFS address
combustion air, flue gas, process air, process water, temperatures, static and differential
pressures, and flow rates.  The data acquisition system is based on a Genesis software package
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and three personal computers.  Two sets of flue gas instrumentation (oxygen, carbon dioxide,
carbon monoxide, sulfur dioxide, and nitrogen species) are dedicated to support the operation of
the SFS.  Flue gas is transferred from the sample point through a heated filter and sample line to
the sample conditioner before it reaches the analyzers.  Flue gas is routinely sampled in the slag
screen at the furnace exit and the exit of the baghouse.  Total flue gas flow rate through the SFS
is measured using a venturi.  The only instrumentation work completed this past quarter involved
routine calibration and maintenance.

Pilot-Scale SFS Activities

The pilot-scale SFS was fired on natural gas during the period August 20–26 and on eastern
Kentucky bituminous coal and natural gas during the period September 13–20, 1999.  The
purpose of the August test was to cure new high-density refractory in the furnace, slag tap, slag
screen, and upper section of the dilution/quench zone.  The objective of the September test was
to further evaluate the RAH panel, including firing it 50°F (28°C) hotter than the average in
previous tests, and increase the number of hours of exposure to slagging furnace conditions
following its reassembly and installation in early January.  In addition, the fuel fired in
September was a new eastern Kentucky bituminous coal with a higher ash fusion temperature
than any other coal previously fired in the SFS.

Data evaluation has been completed for the August test, including data collected concerning
the performance of the RAH panel and CAH tube bank while natural gas was fired.  Data
evaluation and sample analysis have not been completed for the September test.  Therefore, this
report summarizes the results and observations for the August test as well as SFS maintenance
and repair activities during the quarter.  Results from the September test will be summarized in
the quarterly technical progress report for the period October through December 1999.

Fuel Feed System

The fuel feed system was operated in August for 142 hours while natural gas was fired to
cure new high-density refractory in the slagging furnace, slag tap, slag screen, and
dilution/quench zone.  In September, it operated for 107 hours while eastern Kentucky
bituminous coal was fired.  Nominal feed rates were 150 to 160 lb/hr (68 to 73 kg/hr) for the
eastern Kentucky coal.  Adjustments to coal feed rate were made in order to maintain a furnace
flue gas exit temperature of 2900°F (1594°C).  During the test, the coal feed rate was quite stable
except for a few minor spikes (high and low) associated with coal hopper refill cycles.

Exhibits  2.2-4 and -5 summarize analytical results for the Illinois No. 6 bituminous,
Kentucky bituminous, and Rochelle subbituminous coals and the Coal Creek Station (CCS) and
Milton R. Young Station (MRYS) lignites, respectively, that have been fired in the pilot-scale
slagging furnace through May 1999.  Fuel analyses for the September test were not available for
inclusion in this report.  Anticipated characteristics of the as-fired fuel are <3 wt% moisture, <5
wt% ash, <1.0 wt% sulfur, and a heating value of >14,000 Btu/lb (32,530 kJ/kg).  Anticipated
coal ash properties include an ash fusion (oxidizing) fluid temperature approaching 2800°F
(1538°C), an iron oxide content of <8 wt%, a silica and alumina content of roughly 30 wt%, and
a total alkali content of roughly 10 wt%.  Analytical results for a composite coal sample
collected during the September test will be summarized in a future quarterly technical progress
report.
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Exhibit 2.2-4
Results of Coal and Coal Ash Analysis for Coal-Fired Slagging Furnace Tests

Illinois No. 6
Bituminous Coal

Kentucky
Bituminous Coal

Rochelle
Subbituminous Coal

Proximate Analysis, wt%
   Moisture 4.4–10.3 2.3–2.5 21.6–24.3
   Volatile Matter 35.9–39.5 38.2–38.7 35.6–37.4
   Fixed Carbon 43.3–46.3 54.7–54.9 35.8–36.7
   Ash 10.6–11.5 3.9–4.7 4.3–4.7

Ultimate Analysis, wt%
   Hydrogen 4.8–5.8 5.2–5.5 6.1–6.4
   Carbon 61.6–64.9 77.5–78.2 53.0–55.2
   Nitrogen 0.8–1.6 1.8 0.6–0.7
   Sulfur 3.2–4.1 0.8–1.0 0.3
   Oxygen 14.2–17.6 9.6–9.7 32.9–33.4
   Ash 10.6–11.5 3.9–4.7 4.3–4.7

Heating Value, Btu/lb 11,015–11,658 13,861–14,120 9021–9328

Percent as Oxides, wt%
   SiO2 50.2–53.9 42.5–44.8 26.7–27.1
   Al2O3 19.8–21.2 28.9–29.8 15.5–16.3
   Fe2O3 13.6–16.0 13.7–14.5 6.3–6.6
   TiO2 0.9 1.1 1.2–1.4
   P2O5 0.1–0.2 0.1 0.7–0.9
   CaO 3.0–3.6 1.9–2.8 21.6–24.3
   MgO 1.5–2.0 2.2–2.4 6.7–6.9
   Na2O 1.1–1.4 1.1–1.3 1.5
   K2O 1.9–2.1 2.7–3.0 0.1–0.4
   SO3 2.5–4.0 2.4–3.8 15.6–17.0

Ash Fusion Temp., °F
   Initial 2315–2361 2398–2577 2202–2295
   Softening 2342–2417 2440–2603 2205–2308
   Hemisphere 2392–2448 2474–2621 2214–2311
   Fluid 2491–2534 2588–2684 2221–2325

Sieve Analysis
   Screen Mesh Size Weight Percent Retained
   100 1.8–25.2 8.1–11.4 7.6–8.8
   140    0–14.9 12.9–13.9 14.2–15.4
   170    0–14.9 NA2 NA
   200 9.6–13.5 11.4–13.5 14.3–14.4
   230   0–16.2 8.7–9.4 8.4–9.1
   270 0.5–14.6 0.7–1.6 2.0–5.6
   325 7.4–14.7 11.9–12.7 4.8–11.6
   400  0–4.7 NA NA
   Pan 29.7–57.8 41.2–42.6 39.7–43.4
   Total %    99–100.2 99.9–100.1 98.6–100.6
1 Coal analysis is presented on an as-fired basis.
2 Not available.
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Exhibit 2.2-5
Results of Lignite and Lignite Ash Analysis for

Lignite-Fired Slagging Furnace Tests

Coal Creek Station Lignite Milton R. Young Station Lignite
Proximate Analysis, wt%
   Moisture 31.6–37.9 33.8–37.1
   Volatile Matter 29.4–31.5 30.4–32.1
   Fixed Carbon 26.4–26.8 26.9–27.9
   Ash 6.3–10.2 5.6–6.2

Ultimate Analysis, wt%
   Hydrogen 6.4–6.8 7.0–7.2
   Carbon 38.5–40.9 41.1–43.4
   Nitrogen 0.6 0.6
   Sulfur 0.5–0.7 0.7–0.9
   Oxygen 41.1–47.3 42.1–44.9
   Ash 6.3–10.2 5.6–6.2

Heating Value, Btu/lb 6300–6708 6933–7144

Percent as Oxides, wt%
   SiO2 31.8–35.5 11.2
   Al2O3 11.7–12.0  8.6
   Fe2O3 6.4–8.0 13.2
   TiO2 0.5  0.2
   P2O5 0.3  0.1
   CaO 17.0–18.7 21.3
   MgO 6.5–7.0  7.3
   Na2O 2.9–3.2 11.7
   K2O 1.3  0.2
   SO3 16.0–19.0 26.2

Ash Fusion Temp., °F
   Initial 2170–2188 2370–2371
   Softening 2181–2196 2381–2384
   Hemisphere 2189–2203 2384–2387
   Fluid 2196–2219 2392–2428

Sieve Analysis
   Screen Mesh Size Weight Percent Retained
   100 6.4–10.3 14.9
   140 12.3–13.8 15.7
   170 NA2  4.6
   200 11.9–12.3  8.5
   230 3.7–8.5 NA
   270 6.2–10.2  3.1
   325 6.4–6.5 14.9
   400 NA NA
   Pan 41.5–48.2 38.2
   Total % 98.3–99.9 99.9
1 Lignite analysis is presented on an as-fired basis.
2 Not available.
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Slagging Furnace Operation

The slagging furnace heating rate during the August test period was limited to 50°F/hr
(28°C/hr) while natural gas was fired, as recommended by the refractory supplier.  Hold points
occurred at 250°F (121°C) for 24 hours and 650°F (344°C) for 12 hours.  Once the main burner
firing rate reached 3.0 MMBtu/hr (3.1 × 106 kJ/hr) the test plan called for holding this firing
condition for 4 to 8 hours depending on when the furnace temperature stabilized.  The auxiliary
burner firing rate was maintained at  0.5 to 0.7 MMBtu/hr (0.6 to 0.8 × 106 kJ/hr).

However, a leak that developed in a water-cooled surface shortly after reaching the 3.0
MMBtu/hr (3.1 × 106 kJ/hr), and it was necessary to begin the cooldown process prematurely.
The main and auxiliary burner natural gas-firing rates were decreased gradually to control the
furnace and slag screen cooldown rate at 100°F/hr (56°C/hr) or less.  A summary of furnace and
slag screen temperatures is presented as a function of run time in Exhibit 2.2-6 for the August
test.  Corresponding slagging furnace firing rate data are summarized in Exhibit 2.2-7.

Exhibit 2.2-6
Furnace and Slag Screen Temperatures Versus Run Time for the August 1999
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Exhibit 2.2-7
Slagging Furnace Firing Rate Versus Run Time for the August 1999 Test

Exhibit 2.2-6 shows that furnace temperatures never actually stabilized and that refractory
temperatures were lagging behind the flue gas temperatures by about 4 hours.  Maximum
measured furnace flue gas temperatures ranged from 2775° to 2795°F (1524° to 1535°C) based
on a combination of optical pyrometer and Type S thermocouple measurements.  Furnace
refractory temperatures ranged from 1050° to 1260°F (566° to 682°C) for the hot side of the
insulating refractory to as high as 2410°F (1321°C) for the cold side of the high-density
refractory.  These temperatures (flue gas and refractory) are 200° to 300°F (111° to 167°C) lower
than the temperatures measured during the December 1998 test period when new high-density
refractory was cured in the upper three furnace sections.  Therefore, roughly 8 hours of natural
gas firing was added to the beginning of the September test to complete refractory curing prior to
initiating coal firing.

Inspection of the furnace refractory after the August test indicated that the new refractory in
the bottom section of the furnace was in good condition.  Exhibit 2.2-8 presents two photographs
of the furnace interior after the refractory was cured.  The upper photo shows the floor of the
furnace and the new high-density refractory in the vicinity of the auxiliary burner port.  The
lower photo shows the floor of the furnace and the new high-density refractory in the vicinity of
the slag tap and furnace exit.  These photographs also illustrate the degree to which the high-
density refractory in the upper sections of the furnace has darkened since it was cured in
December 1998.  However, the high-density refractory in the upper furnace sections appears to
be in good condition.

Other than the water leak, no operating problems were encountered during the August test.
The water leak was addressed prior to the September test, and no further problems were
encountered with water-cooled surfaces in the slagging furnace.
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Exhibit 2.2-8
Photographs of Furnace Interior Showing New High-Density Refractory in the

Bottom Section of the Furnace After Curing
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Main and Auxiliary Burners

The main and auxiliary burners performed well during the August and September tests.
Main burner swirl was maintained at about 20%, while the auxiliary burner swirl setting was
about 80%.  On the basis of slagging furnace operating experience, the EERC intends to continue
using a minimum main burner swirl setting to establish a stable flame, to establish uniform
temperatures over the length of the furnace, and to minimize NOx emissions.

Slag Screen

In conjunction with replacement of the high-density refractory in the bottom furnace section,
the high-density refractory was also replaced in the slag screen along with the slag screen tubes.
Because of the successful performance of the slag screen in April and May, only three rows of
tubes (nine total tubes) were again installed in the slag screen.  This slag screen configuration
appears to be a good choice for the eastern Kentucky bituminous coal and also works effectively
when the Illinois No. 6 bituminous coal is fired.  If a subbituminous coal is fired in the future,
adding three additional rows of tubes (nine additional tubes) would be considered.

Slag screen flue gas temperatures during the August natural gas-fired test reached a
maximum of 2775°F (1524°C) at the inlet and 2705°F (1485°C) at the outlet.  When coal is
fired, slag screen operating temperature is selected on the basis of ash fusion data for the fuel to
be fired.  The EERC tries to operate the slag screen at flue gas temperatures of 100° to 200°F (56
° to 112°C) above the fluid temperature of the fuel ash to ensure slag flow from the slag screen to
the slag tap.

Dilution/Quench Zone

During the August and September tests, the dilution/quench zone was effectively used to
control the temperature of the flue gas entering the CAH tube bank.  When coal was fired in
September, periodic cleaning (slag removal) of the dilution/quench zone was necessary to
control differential pressure.  In addition, keeping the water-cooled surface around the flue
recirculation nozzles clean reduced the volume of recirculated flue gas required to control flue
gas temperature in the CAH.

Process Air Preheaters

The process air preheaters functioned as intended during the August and September test
periods.  However, during the September test period, a high-temperature/high-pressure process
air flex hose began to leak.  As a result, it was necessary to terminate the test after only 107
hours of coal firing were completed.  Because the process air leak was relatively small (<20
scfm, <0.6 m3/min), it was possible to perform a normal shutdown, controlling the cooldown rate
at 100 F°/hr (56 C°/hr) or less while natural gas was fired.  The flex hose was replaced in
September with a new flex hose and relocated somewhat to reduce its operating temperature.

Emission Control

Because the August test was limited to natural gas firing, the baghouse was off-line, and the
flue gas was diverted through the cyclone.  Therefore, there are no emission control data to
discuss.  During the September test, baghouse differential pressure was effectively controlled
using on-line pulse cleaning.
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Testing of the CAH Tube Bank

The CAH tube bank was installed and initially evaluated during a shakedown test completed
in October 1997.  Process air flow was adequate for temperature control and to evaluate the
performance of the CAH tube bank during the August and September 1999 tests.  Exhibits 2.2-9
through -11 summarize CAH tube bank surface and flue gas temperatures, process air
temperatures, and process air flow rate data for the August test.  Exhibit 2.2-12 illustrates the
location of thermocouples in the CAH tube bank, and Exhibit 2.2-13 presents a list of
thermocouple descriptions.

Prior to an August 1998 test, all of the CAH thermocouples were replaced or repaired in
conjunction with the installation of fins on the air-cooled tubes.  However, one tube surface
thermocouple (CAHIT3) was damaged when the tube bank was installed in the flue gas duct.
One additional CAH thermocouple failed during both the August and December 1998 tests, and
a fourth thermocouple failed at the beginning of the January 1999 test.  Therefore, during the
August and September 1999 tests, one of the five surface thermocouples was functioning
properly.  Repair/replacement of these thermocouples will be discussed with UTRC personnel
prior to the next SFS test.

Exhibit 2.2-9
CAH Tube Surface and Flue Gas Temperatures Versus Run Time for the August

Test
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Exhibit 2.2-10
CAH Process Air Temperatures Versus Run Time for the August Test

Exhibit 2.2-11
CAH Process Air, RAH Process Air, Quench Gas, and Flue Gas Flow Rates

Versus Run Time for the August Test
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Exhibit 2.2-12
Thermocouple Locations in the CAH Tube Bank
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Exhibit 2.2-13
Description of CAH Thermocouple Locations

Category No. Label Description
Air Inlet 1 CAHTC1 Bulk flow entering the inlet header

2 CAHTC2 Air entering center tube

3 CAHTC3 Air entering most downstream tube

Air Outlet 4 CAHTC6 Air leaving center tube

5 CAHTC7 Air leaving most downstream tube

6 CAHTC5 Air leaving most upstream tube

7 CAHTC8 Air leaving side tube

Air in Active Region 8 CAHTC10 Bottom of center tube

9 CAHTC11 4 in. up outside annulus, center tube

10 CAHTC9 8 in. up outside annulus, center tube

Tube Surface 11 CAHIT1 1 in. up center tube, facing upstream (failed)

12 CAHIT2 5 in. up center tube, facing upstream

13 CAHIT3 8 in. up center tube, facing upstream (failed)

14 CAHIT4 5 in. up center tube, facing to side (failed)

15 CAHIT5 5 in. up center tube, facing downstream (failed)

Header Shell 16 CAHTC4 Next to shell on outside, between return air pipes
(failed)

1 Thermocouple locations are illustrated in Exhibit 2.2-12.

Based on the single thermocouple measurement, the clean tube surface temperatures were
nominally 1520°–1590°F (827°–866°C) for flue gas temperatures of 1770°–1810°F (966°–988°
C) and process air flow rates of 120–145 scfm (3.4–4.1 m3 /min).  While natural gas was fired
and the tubes were clean, heat recovery from the CAH tube bank was nominally 40,000 Btu/hr
(42,200 kJ/hr).  The inlet process air temperature was 1080°F (582°C), and the outlet process air
was 1270°F (688°C).  These CAH data continue to support the conclusion that the addition of the
fins to the air-cooled tubes does not improve heat recovery during natural gas-fired periods with
clean tube surfaces.  Higher heat recovery rates were observed for a period of time as a result of
a system upset resulting in a significant increase in the flue gas flow rate.  Exhibit 2.2-14
presents heat recovery in the CAH as a function of run time for the August test.
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Exhibit 2.2-14
CAH Heat Recovery Versus Run Time for the August Test

Testing of the RAH Panel

Initial shakedown and testing of the RAH panel took place in December 1997.  Testing of the
RAH panel continued this past quarter following its reassembly in January 1999.  Reassembly of
the RAH panel was necessary because of ceramic tile failures in August 1998.  The purpose of
the August test this past quarter was to cure new high-density refractory in the furnace, slag tap,
slag screen, and dilution/quench zone.  In September, the objective was to further expose the
RAH ceramic tiles to slagging furnace conditions and evaluate the RAH panel performance
relative to heat transfer, tile and tube temperatures, and process air temperatures and flow rates.
A critical aspect of RAH panel performance is the ability of the ceramic tiles to withstand the
slag attack and thermal cycling conditions in the slagging furnace.  Therefore, further exposure
of the ceramic tiles to slagging furnace conditions was important to evaluate their potential
commercial application.  Generally, the performance of the RAH panel this past quarter was as
anticipated, with no significant process or material problems observed.

The RAH panel ceramic tiles were thoroughly inspected upon initial installation and
following each week of operation.  The initial inspection revealed the presence of minor cracks
in two of the five ceramic tiles.  Cracks were not visible in either of the top or bottom support
blocks.  Exhibit 2.2-15 is a photograph of the new ceramic tiles installed on the RAH panel
inside the slagging furnace prior to the January 1999 test.  The cracks visible at the time were
hairline cracks in the large upper and lower tiles.  The large upper tile had five visible cracks
originating from the left edge and one crack originating from the top edge.  Cracks originating
from the left edge were about 0.75 in. (1.9 cm) in length and are not visible in the photograph.
The vertical crack is visible in the photograph as a result of the application of a blue dye.  In
addition, rough surface pitting of the tile is evident at the end of the vertical crack in the upper
center of the tile.  The large lower tile had one crack originating on the left edge and a few rough
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surface pits along the right edge near the middle of the tile.  Neither the crack nor the surface pits
in the large lower tile are visible in the photograph.

Exhibit 2.2-15
Photograph of New Ceramic Tiles Installed on the RAH Panel Inside of the

Slagging Furnace in January 1999

Exhibit 2.2-16 presents a photograph of the furnace interior after the August test.  The
photograph illustrates no real change in the high-density furnace refractory as a result of the
natural gas-fired test in August.  A residual slag layer on the surface of the RAH ceramic tiles
following coal firing in January 1999 caused the tiles surface to darken.  No additional tile color
change is evident following the August test.  Although not obvious in the photo, the slag layer on
the tiles is thin and appears to be uniform with no evidence of any extensive slag buildup.  While
there is slag present in the seams between the tiles, there is no evidence of any fusion between
adjacent tiles.

There was no change in the degree of RAH tile cracking as a result of the August test.
Following the completion of the August test, only the upper and lower support bricks and the
lower small tile were observed to be free of cracks.  However, the small lower tile is showing the
greatest degree of erosion/corrosion because of its higher surface temperature and the greater
quantity of slag flowing over its surface relative to the other tiles.  The surface temperature of the
small lower tile, although not measured, is believed to be higher than the three larger tiles
because the backside of this tile is insulated within the radiation cavity and is not directly cooled
by the heat-transfer surfaces.  The greatest quantity of slag also flows over this tile because of its
location below the other tiles.
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Exhibit 2.2-16
Photograph of the RAH Panel Inside of the Slagging Furnace Following the

August Test

Damage to the small upper tile appears to make it the most likely candidate for failure.  The
lower right corner of the tile was found to be broken and fused to the upper right corner of the
large upper tile following the May test.  Based on discussions held in May, EERC and UTRC
personnel elected to remove the piece of broken tile fused to the large upper tile and attempt to
reattach it to the small upper tile using a ceramic cement.  The objective was to determine if
ceramic cement can be used successfully for these types of repairs.  If the ceramic cement was
not effective at ambient conditions, the small upper tile would have been replaced prior to the
August SFS test.  If the ceramic cement were effective at ambient conditions, it was most likely
to fail upon cooldown at the conclusion of the SFS test, at which time its failure would not result
in any potential damage to the RAH panel.

The broken corner was repaired prior to the August test by using a combination of ceramic
cement and duct tape to secure it in its proper location. Exhibit 2.2-17 shows photographs of the
small upper tile prior to the August test.  The upper photograph shows the broken lower right
corner, and the lower photograph shows the repaired corner.  The duct tape was left in place
during furnace heatup in order to secure the broken corner while the ceramic cement was curing.
Eventually, the duct tape burned off. Exhibit 2.2-18 is a photograph of the small upper tile
following the August test.  The photograph illustrates that the use of the ceramic cement/duct
tape to repair the lower right corner was successful.
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Exhibit 2.2-17
Photographs of the RAH Small Upper Tile Prior to the August Test
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Exhibit 2.2-18
Photograph of the RAH Small Upper Tile Following the August Test

Exhibit 2.2-18 also shows that the lower left corner of the small upper tile broke off as a
result of the August test.  Prior to the September test, the ceramic cement-duct tape combination
was again used to repair the lower left corner of the small upper tile.  Following the September
test, this repair was also found to be successful.  The broken corners of the small upper tile were
not necessarily surprises.  Both of these corners showed evidence of cracking in the first quarter
of 1999.  The crack in the lower left corner was first observed following the January 1999 test,
and the crack in the lower right corner was observed following the February 1999 test.  These
cracks were documented in the quarterly technical progress report for the period January through
March 1999.  Heatup/cooldown cycles are believed to be the primary cause of RAH panel
ceramic tile/brick cracking and the propagation of cracks formed during tile fabrication, with
slag contributing to erosion/corrosion of surfaces and imparting stresses on the ceramic tile as it
finds its way into seams between tiles.

Exhibits 2.2-19 through -21 summarize the RAH ceramic tile temperatures, tube surface
temperatures, and process air temperatures for the August test.  The process air flow rate data for
the RAH panel were summarized in Exhibit 2.2-11.  Exhibit 2.2-22 illustrates the location of
thermocouples in the RAH panel, and Exhibit 2.2-23 describes the RAH thermocouples.
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Exhibit 2.2-19
RAH Ceramic Tile Temperatures Versus Run Time for the August Test

Exhibit 2.2-20
RAH Tube Surface Temperatures Versus Run Time for the August Test
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Exhibit 2.2-21
RAH Process Air Temperatures Versus Run Time for the August Test
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Exhibit 2.2-22
Thermocouple Locations in the RAH Panel

The maximum indicated ceramic tile surface temperatures (cavity-side) ranged from
nominally 2000° to 2110°F (1094° to 1155°C) based on measurements made at the center of
each of the three large tiles.  Based on these data, stable furnace operation was never achieved
during the August test.  Higher tile surface temperatures (furnace-side), 2525°F (1385°C), were
measured near the center of the large middle tile.  Tile surface temperatures during the August
test were somewhat lower than the temperatures observed during previous RAH coal-fired tests
this past year because the furnace never reached a thermal equilibrium prior to the forced
shutdown.  Also, there is no obvious explanation for the drop in the cavity-side tile surface
temperature measured by the infrared (IR) detector that occurred at about Run Hour 67.  The IR
detector was calibrated prior to the September test, and its performance was acceptable.
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Exhibit 2.2-23
Description of RAH Panel Thermocouple Locations

Category No. Label Description
Air Inlet 1 HP Air In Provided by the EERC, in pipe before inlet header

2 RAHT11 Air entering RAH through center tube
Air Outlet 3 RAHT18 Air leaving left (south) tube

4 RAHT9 Air leaving middle tube
5 RAHT12 Air leaving right (north) tube

MA Tube Surface 6 RAHT1 Top of middle tube facing cold side
7 RAHT2 Middle of middle tube facing other tube
8 RAHT3 Top of middle tube facing toward furnace
9 RAHT4 Middle of middle tube facing cold side

10 RAHT5 Middle of middle tube facing toward furnace
11 RAHT6 Bottom of middle tube facing cold side
12 RAHT7 Removed
13 RAHT8 Removed
14 RAHT10 Bottom of the middle tube facing toward furnace
15 RAHT13 Removed
16 RAHT14 Top of north tube facing toward furnace
17 RAHT15 Bottom of north tube facing toward furnace
18 RAHT16 Removed
19 RAHT17 Bottom of north tube facing toward side wall
20 RAHT28 Top of south tube facing toward furnace
21 RAHT29 Bottom of south tube facing toward furnace

Inner Surface of 22 RAHT19 Top tile, center
   Monofrax Bricks 23 RAHT20 Removed

24 RAHT21 Removed
25 RAHT22 Middle tile, center
26 RAHT23 Middle tile, right center hot-side surface
27 RAHT24 Middle tile, left side rail
28 RAHT27 Removed
29 RAHT25 Lower tile, center
30 RAHT26 Removed

1 Thermocouple locations are illustrated in Exhibit 2.2-22.

RAH process air flow rates during the August test were generally <150 scfm (<4.2 m3 /min)
because of the slow heatup rate used to cure refractory.  However, process air flow rates of 180
and 200 scfm (5.1 and 5.7 m3/min) were maintained for short periods of time once the main
burner firing rate exceeded 2.5 MMBtu/hr (2.6 × 106 kJ/hr). RAH tube surface temperatures
never stabilized during the August test, with maximum values ranging from 1380° to 2015°F
(749° to 1102°C).  The low end of the temperature range represents the back side of the tube
surfaces near the process air inlet, with the high end of the temperature range representing the
front side of the tube surfaces near the process air outlet.  Ranges in process air flow rates had
noticeable effects on all tube surface temperatures.  Tube surface temperature step changes were
most noticeable for surface temperature measurements near the process air exit and on the front
side of the tubes.
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Maximum process air inlet temperatures ranged from 1080° to 1105°F (582° to 596°C),
while maximum outlet process air temperatures ranged from 1575° to 1685°F (857° to 919°C).
Even though there were no stable operating periods in August, the effect of process air flow rate
can be seen in the process air outlet temperature data.

Heat recovery data from the RAH panel are presented in Exhibit 2.2-24 for the August test.
At process air flow rates of 180 and 200 scfm (5.1 and 5.7 m3/min), the heat recovered from the
RAH panel while natural gas was fired was 112,000 to 129,350 Btu/hr (118,160 to 136,464
kJ/hr).  The heat recovery range represents the maximum heat recovery rate once the main burner
firing rate was nominally 3 MMBtu/hr (3.1 × 106 kJ/hr).  The RAH heat recovery observed in
August is comparable to natural gas-fired periods during previous SFS tests.

Exhibit 2.2-24
RAH Heat Recovery Versus Run Time for the August Test

To date, the RAH panel has been exposed to a range of furnace-firing conditions for a total of
1993 hours.  Natural gas firing represents 1093 hours, and coal/lignite firing represents 900
hours.  In addition, the RAH panel has been exposed to thirteen heating and cooling cycles.  The
RAH ceramic tiles that were installed in January 1999 have been exposed to six heating and
cooling cycles and 988 hours of slagging furnace operation: 473 hours of natural gas firing
(including heatup and cooldown) and 515 hours of coal firing.  The longest continuous coal-fired
period was 184 hours, completed in April 1999.

The next SFS operating period is tentatively scheduled for November/December if new RAH
ceramic tiles are available by early November.  This should be a 500-hour coal-fired.
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HITAF Air Heater Materials

Laboratory- and Bench-Scale Activities

In July, 90 hours of a 100-hour dynamic corrosion testing at 2732°F (1500°C), using Illinois
No. 6 coal slag, was completed in the DSAF for two experimental Plicast 98 castable alumina
blocks.  Both blocks were prefired to 2958°F (1625°C), and one block was then painted with a
suspension of submicron alumina to attempt to seal the porosity of the block.  The feed rate was
approximately 50 g/hour per entry port.

After 90 hours of slag feed, the sample with the painted corrosion-resistant coating had an
average measured recession of 0.34 inches, and the uncoated block had an average measured
recession of 0.29 inches.  The slightly higher recession for the block with the paint-on coating
shows that this coating was not effective in reducing the corrosion caused by this slag.  It may be
effective, however, for more basic slags.  Exhibit 2.2-25 is a graph showing a comparison of
these results to previous tests of Plicast 98.  The graph shows that a previously tested mullite
coating (April to June quarterly report) also did not significantly reduce corrosion by this slag.
However, prefiring to 2910°F (1625°C), rather than 2732°F (1500°C), reduced the corrosion by
70%.

Exhibit 2.2-25
Plot of Recession Versus Time for Plicast 98 Castable, With and Without

Corrosion-Resistant Coatings, Tested at 2732°F (1500°C) with
Illinois No. 6 Coal Slag

The observation that firing to 2957°F (1625°C) caused the recession rate to be greatly
reduced on Plicast 98 dynamic corrosion test samples is very important for areas of the SFS
combustor such as the slag tap which is exposed to maximum temperatures of 2732°F (1500°C).
The slag tap has been a problem area in the past for the high rate of erosion/corrosion. Therefore,
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the DSAF was used to fire two slag taps to 2957°F (1625°C) before installation in the SFS
combustor.

Two modifications were made to the DSAF in August to solve the problem of slag splashing
inside of the furnace.  A consequence of the slag splashing was the premature burnout of the
heating elements and frequent replacement of insulation.  The first modification was to reduce
the size of the particles of solid slag fed into the DSAF to reduce the bounce out of the slag well
at the top of the blocks.  Bounce has increased since the feed injectors were modified to
eliminate plugging problems at the junction where the water-cooled feed injector met an
uncooled ceramic tube inside of the roof insulation.  The water-cooled portions of the injector
were extended inside the furnace to prevent the incoming slag from sticking in the injector.  A
consequence of this change is that the slag particles are cooler when they enter the furnace and
the larger pieces of slag bounce off the refractory block and settle on the bend at the base of the
heating elements.  The new solid slag size range is –20 mesh to +60 mesh.  The second change
was to install a shield between the heating elements and the test sample.  A 6-in.-diameter by 11
¼-in.-high ceramic tube was cut in half vertically, then installed inside of the furnace between
the test sample and heating elements.

In September, a 100-hour corrosion test was started on a magnesium aluminate spinel
castable material from Plibrico, Plicast 90 MAV, and a second material received from ALCOA
which contains 12% magnesium aluminate spinel, SFL214AB3.  Both test samples were prefired
to 2957°F (1625°C), then tested at 2732°F (1500°C) using Illinois No. 6 slag.  The new size
range of slag is being used at a feed rate of approximately 50 g/hour per injector. After 25 hours
of slag feed, the average measured recession for the Plicast 90 MAV is 0.24 in. and 0.17 in. for
the ALCOA SFL214AB3.  The numbers indicate the Plicast 90 MAV sample has a more rapid
recession rate, but in actuality, this sample is holding up better than the ALCOA sample.  Some
of the visible damage to the ALCOA sample includes the drip lip at the base of the vertical
channel, which has nearly disappeared, and slag penetration into the block in the slag well, which
created voids up to ¼ in. in diameter.  The slag reappears on the vertical sides of the block,
creating new paths to the base of the block, where it would eventually flow into the insulation of
the furnace.  The voids are also found in the vertical channel.  It is unclear whether the voids are
the result of initial porosity, gas evolution as the slag reacts with the refractory, or the selective
dissolution of refractory components.
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Task 6 Commercial Plant Design,
CO2 Separation and Capture Issues

The High Performance Power Systems (HIPPS) electric power generation technology integrates a
combustion gas turbine and heat recovery steam generator (HRSG) combined cycle arrangement with
an advanced coal-fired furnace.  A unique feature of the HIPPS plant is the partial heating of gas turbine
(GT) compressor outlet air using energy released by firing coal in the high temperature advanced furnace
(HITAF).  The compressed air is additionally heated prior to entering the GT expander section by
burning natural gas.  Thermal energy in the GT exhaust and in the HITAF flue gas is used in a steam
cycle to maximize electric power production.  The HIPPS plant arrangement is thus a combination of
existing technologies (gas turbine, heat recovery units, conventional steam cycle) and new technologies
(the HITAF including its air heaters, and especially the heater located in the radiant section of the
furnace).

The HIPPS plant operation is briefly described below.  The discussion applies to the commercial
plant conceptual design prepared for Phase I, updated and used in Phase II as the basis for a variety of
power cycles and economic comparisons.  The design is relatively conservative:  it uses commercially
available equipment, except for the HITAF; the steam cycle conditions are moderate, and the plant
efficiency only meets the minimum DOE requirement of slightly more than 47% on a higher heating value
basis.  Conceptual designs with more advanced equipment and cycle conditions have potential
efficiencies approaching 60% (HHV).

Gas Turbine Operation

A block diagram of the 300 MWe power plant is shown in Exhibit 6-1.  Air is heated in the natural
gas combustor to 2,495°F (1,368°C).  The hot, compressed air then enters the gas turbine expander
where it expands to produce electric power.  The flue gas leaves the GT expander at 1,003°F (539°C).
Heat from the flue gas is recovered in the gas turbine heat recovery steam generator (HRSG) as the gas
is cooled to 180°F (82°C) before being sent to the stack.  The heat recovered from the gas turbine flue
gas is used to preheat the HITAF feedwater to 682°F (361°C).  The feedwater is sent to evaporators
(HITAF water walls and slag screens) where saturated steam at 2,500 psia (17,232 kPa) is generated.
This steam is sent to a superheater, which is located in the gas turbine HRSG.  The waste heat of the
gas turbine flue gas is used to heat feedwater and to (partly) superheat the steam.

The following describes the HITAF operation.

HITAF Operation
Coal, which contains 12.25% moisture, is fed to two operating pulverizers using transport air

preheated to 575°F (302°C).  The heat in the transport air vaporizes most of the moisture from the
coal, and the vaporized moisture travels with the transport air.  The transport air sweeps the coal from
the pulverizers and carries the pulverized coal to the HITAF burners.  Combustion air is added at the
burners and the coal is fired.
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The heat transfer surfaces for the following HIPPS components are located inside the HITAF.

− Radiant air heater
− Slag screen walls
− Steam reheater
− Convection air heater

The radiant air heater is located nearest the burners where the furnace temperature is the highest.
The convective air heater is the farthest from the burners and sees the lowest temperature in the furnace.
As the combustion products flow past the components, energy is transferred from the gases to the heat
transfer surfaces.  To develop the required temperature profile in the HITAF furnace, part of the
combustion gas is recycled from the downstream HITAF HRSG, and is injected into the HITAF
between the steam reheater and convective air heater.

The surface areas and locations of the slag screens and water walls are designed so that the slag
produced from the coal flows on, and does not scale the radiant air heater and convective air heater.
After the radiant heater and before the convective air heater, the flowing slag combines with other
bottom slag.  The flue gas exits the HITAF at 1,105°F (596°C).  The heat in HITAF flue gas is
recovered in the HITAF HRSG and used for heating the coal combustion air, coal transport air, and
heating the partly superheated steam to 1,000°F (538°C).  The HITAF HRSG also contains a selective
catalytic reactor which destroys any NOx present in the flue gas.  The SCR is located upstream of the
air preheaters.  The HITAF flue gas leaves the HRSG at 300°F (149°C) and then goes to a flue gas
desulfurization (FGD) unit.

The flyash in the flue gas is removed by a particulate removal device prior to the FGD process,
which removes the sulfur compounds present in the flue gas.  In the conceptual commercial design, an
ammonia-based FGD and an electrostatic precipitator are used.  The cleaned flue gas is sent to a stack
and released.

The superheated steam from the second superheater is sent to the high pressure section of the steam
turbine at 2,400 psia/1,000°F (16,550 kPa/538°C).  The steam leaves the HP section at 580 psia
(4,000 kPa).  The 580 psia (4,000 kPa) steam is sent to the reheater, which is located in the HITAF,
and the steam is reheated to 1,000°F (538°C).  The reheated steam is sent to the intermediate pressure
section of the steam turbine at 540 psia (3,722 kPa).  The steam passes through IP and low pressure
sections of the steam turbine and is then exhausted to the steam condenser.  The condensate and
necessary make-up water is sent to the gas turbine HRSG, and the steam cycle is repeated
continuously.
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CO2 Separation from Flue Gas at the 300 MW HIPPS Plant

U. S. Department of Energy Vision 21 and Climate Change Issues

The U. S. DOE is preparing strategic plans for “Vision 21”, a concept to define DOE’s role in the
Federal Government’s energy programs.  As part of the DOE concept, climate change or greenhouse
gases issues will require investigation and the creation of engineering and cost data to support decision
making.

The ongoing HIPPS program has clear advantages in the area of greenhouse gas (carbon dioxide)
reduction compared to other coal-fired power generation designs because of its high efficiency1.  In the
work presented here, it also appears that the HIPPS concept has significant cost benefits.  Using
conventional CO2 separation technology, MEA absorption, and the conservative HIPPS commercial
plant cycle, the cost per ton of CO2 avoided is estimated to be about $10.  The cost of electricity
increases 9 mills or about 20 percent, from 42 (base case HIPPS) to 51(HIPPS with MEA absorption)
mills per kWh. Both calculations are based on 10% cost of money and 20 year investment period.
Bearing in mind that only the CO2 from the coal combustion is treated by the MEA absorption, the cost
per ton of carbon avoided and cost of electricity are substantial, but appear promising, with room for
process optimization to significantly reduce costs.

To explore the potential for HIPPS technology to impact the reduction of CO2 from power
generation stations, a topical study was performed to assess several CO2 separation methods, and
evaluate how they might be used in the HIPPS power plant.  The technical and economic findings from
the study are reported in the following pages along with conclusions drawn by the HIPPS team.  The
study uses conceptual design and cost data; published information; engineering experience and
judgement; and informal contacts with technology developers.  Cost estimates are order-of magnitude
approximations for plants with mature technologies i.e. not first-of-a-kind plant costs.  Considering the
level of engineering and cost estimating, and the variability of parameters used to compute the cost of
electricity, and the cost per ton of CO2 avoided, the results should be used in the full context of the
topical report.

Introduction

The main greenhouse gas contained in the flue gas created by fossil fuel power plants is CO2.
(Exhibits 6-2 and 6-3 show the HIPPS flue gas components.) To reduce the emission of CO2, it has to
be separated from the flue gas, and then transported to a location where it can be either used for
manufacturing products or sequestered in long term (several hundred years) storage.  The amounts of
CO2 from power plants is so large that even with very optimistic projections for use, large quantities of
unconsumed CO2 are likely to require sequestration.  Assessments of sequestration are not part of the
present study, but are being examined in other work by DOE and others.  Nonetheless, because the
sequestration method may impact the separation step, the major schemes for sequestration are listed

                                                
1 Robson, F.L., Ruby, J., and Seery, D.J., Greenhouse Gas Reduction Through the Use of High
Performance Power Systems (HIPPS), ASME IJPGC, Denver, Co., Nov. 1997.
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below.  The state of the CO2 – gas or liquid, and the pressure will have to be considered for their
impact on the steps to be taken after separation, and before transportation, sequestration, or use.

The major sequestration concepts are:

• Injection into depleted oil and gas reserves.  Gaseous CO2 can be compressed and injected into the
field.  Use of CO2 for enhanced recovery (flooding) is not really applicable, because the injected
CO2 is recovered with the hydrocarbons and must be continuously separated and recycled to avoid
atmospheric emissions.

• Injection into deep, unminable coalbeds.  Gaseous CO2 can be compressed and injected into the
coalbeds.  Other work at DOE and elsewhere is investigating displacement and recovery of coalbed
methane from the sequestration process.

• Magnesium carbonate fixation.  Magnesium present in ultramafic rocks can be reacted with CO2 to
produce magnesium carbonate which can be disposed of as an inert solid.

• Deep ocean disposal.  CO2 can be converted to hydrates and injected deep into the ocean, or it
may be injected as a liquid.  Much work remains to prove the potential for this concept, technically
and environmentally.

• Deep aquifer injection.  CO2 can be injected into deep groundwater aquifers if the geological
conditions are such that the gas does not leak back to the atmosphere, nor cause damage to useful
ground water.

For the first three options, the captured CO2 will be sequestered in gaseous form, and for the last
two options, it is in liquid form.  As this study is limited to separation and capture of  CO2 from the flue
gas, and because the end use of the CO2 is very site specific, the temperature, pressure and physical
state of the captured CO2 is left as it is after the separation/capture process.

Objective

The study objective is the technical and economic evaluation of commercially available processes,
and processes that may become available in the near term for the separation of CO2 from HIPPS flue
gases.

Conclusions

The main conclusions drawn from the study are summarized below.

• Absorption processes with MEA have the lowest cost and greatest technical feasibility for the
HIPPS design.

• The oxygen combustion concept holds promise for improved CO2 capture, and should be examined
in future work.

Costs for the MEA absorption and oxygen combustion process are summarized below.

Annualized Cost of Reference HIPPS Plant $97,262,000
Cost of Electricity for Reference HIPPS Plant 42 mills/kWh
Annualized Cost with MEA Added to the HIPPS Plant $107,113,000
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Cost of Electricity with MEA Added to the HIPPS Plant 51 mills/kWh
Cost per Ton of CO2 avoided with MEA Absorption $9.20
Annualized Cost with Oxygen Combustion at the HIPPS Plant $107,205,000
Cost of Electricity with Oxygen Combustion at the HIPPS Plant 52 mills/kWh
Cost per Ton of CO2 avoided with Oxygen Combustion $6.30

CO2 Production at the HIPPS Plant

The HIPPS commercial power plant produces electricity by burning coal and natural gas, and using
the thermal energy in a combined cycle type of operation.  The flue gas from coal combustion in the
HITAF furnace is cleaned to limit particulate, NOx and SOx.  The composition, temperature, pressure
and flow rate of the cleaned coal-based flue gas is shown in Exhibit 6-2.  The flue gas exhausted by the
gas turbine is passed through a HRSG.  Composition, temperature, pressure and flow rate of the natural
gas-based flue gas at the HRSG exit is shown in Exhibit 6-3.  The data in the exhibits is from a United
Technologies  Research Center report2.  For detailed information about the HIPPS commercial plant
and about the processes used for the removal of particulate, NOx and SOx from the flue gas, the reader
is referred to this report.

Exhibits 6-2 and 6-3 show the coal-based flue gas containing 6,352 lb-mol/h (2,881 kg-mol/h)
CO2 and the natural gas-based flue gas containing 1,913 lb-mol/h (868 kg-mol/h).  That is, 77% of the
CO2 is contained in the coal-based flue gas and 23% in the natural gas-based flue gas.  Also, the
concentration of CO2 in the coal-based flue gas is 12.9% (wet) whereas in natural gas-based flue gas, it
is only 1.6% (wet).

Exhibit 6-2
Cleaned Coal-Based Flue Gas

Components lb-mol/h lb/h lb-mol%

O2 1,431 45,791 2.91

N2 33,208 930,369 67.51

A 402 16,040 0.82

CO2 6,352 279,537 12.91

H2O 7,801 140,547 15.86

Totals 49,194 1,412,284 100.00

Temperature 132 °F

Pressure, Psia 14.8

ACFM 351,377

                                                
2 Final Engineering Development of Coal-Fired High Performance Power Systems, Phase II and
III, Quarterly Progress Report, January 1 – March 31, 1998.
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Exhibit 6-3
Natural Gas-Based Flue Gas

Components lb-mol/h lb/h lb-mol%

O2 20,016.0 640,513 17.17

N2 88,322.5 2,474,444 75.77

A 1,073.5 42,881 0.92

CO2 1,912.8 84,182 1.64

H2O 5,237.1 94,352 4.49

Total 116,562.0 3,336,372 100.00

Temperature, 180 °F

Pressure, Psia 14.8

ACFM 900,072

Except for energy consumption, impacts on the operation outside of the CO2 capture are not
examined in the present study.  However, there are clearly scenarios where CO2 capture could strongly
affect the overall plant:  For example, if oxygen-enriched combustion is part of the CO2 reduction
concept, the gas for sequestration likely does not need NOx and SOx removed.  The capital and
operating costs for NOx and SOx removal could be avoided if that is the case.

Separation Technology Status

The study focused on five separation technologies, and a combustion modification concept for
producing a pure or highly concentrated stream of CO2 directly from the combustion process.  The
areas of interest and a brief evaluation of their potential role for CO2 separation as part of a greenhouse
gas reduction program are itemized below.  The technologies are examined in more detail as the report
proceeds (also see Appendix A).

⇒ Gas Absorption is the most mature separation technology, and appears to be the only one of the
separation concepts that could be economically viable in the near term.  The other separation
technologies and the combustion modification concept require extensive improvement/innovation
and testing to reduce costs and increase performance.

⇒ Cryogenic Cooling is used for air separation to produce oxygen, nitrogen and other gases, and it is
used to separate volatiles from mixed gas streams.  Discussions with process developers indicated
that cryogenic systems would not be feasible for greenhouse gas reduction.  This was confirmed by
conceptual work in the study.

⇒ Membrane Separation was discussed with technology developers and the consensus was that
current technologies were not suited to greenhouse gas reduction.  Equipment costs and operating
costs make the concept too expensive.  Developers are well aware of the potential market for an
economical CO2 separation membrane, but from the available information much more research and
development is needed to obtain such units.
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⇒ The developers of Membrane Separation with Gas Absorption (MGA) are pursuing the combined
technologies as a new approach to reducing CO2 in the context of greenhouse gas reduction.
Researchers in several countries are studying and testing the technology, and several papers have
been presented.  However, present estimates of cost and performance indicate that it is still too
expensive for power plant scenarios for CO2 separation.  The TNO Institute of Environmental
Sciences in the Netherlands believes they have a near-commercial process with major cost savings,
and their work should be followed by interested industry organizations.

⇒ Pressure Swing Adsorption (PSA) is another commercial separation technology, but the application
for greenhouse gas separation is not attractive.

⇒ Oxygen Combustion with CO2 Recycle is a promising concept for producing a CO2 rich stream for
disposal or use.  While an air separation plant is required for the supply of oxygen, there are several
potential advantages that could be gained in the power generation plant that would partly
compensate for the costs of the system to produce the CO2 gas stream.  This concept should be
looked at in more detail by the HIPPS team if DOE interest is sufficient to allocate the necessary
resources.  The concept could be applied to both the coal-fired furnace and the gas turbine.  A
number of issues about the combustion process itself are uncertain and require R&D efforts for data
to support the engineering evaluations.

CO2 Removal Limits

An early technology screening indicated that the concentration of CO2 in the natural gas-based flue
gas was too low for practical CO2 removal, and that gas stream was excluded from the evaluation:
Only the coal-based flue gas was used as the source of CO2 for treatment.

In practice, a 100 % CO2 removal from any stream is not feasible.  Depending on the separation
technology, the recovery of CO2 can range from 90 (or less) to 99%.  For the coal-based flue gas,
90% removal was chosen as the design point.  The HIPPS commercial plant is based on 65% coal
combustion and 35% natural gas combustion.  Therefore, a 90% CO2 removal from the coal-based flue
gas is equivalent to about 70% overall CO2 removal at the power plant.  If the HIPPS commercial
power plant is designed for 100% coal combustion, 90% of all the CO2 produced could be captured.

Also in practical terms, producing a 100% pure substance is not reasonable.  Depending on the
technology, the practical purity of the recovered CO2 can range from as low as 50% for membrane and
PSA processes, to as high as 99.9% for gas absorption and cryogenic cooling processes.  The design
point for the captured CO2 stream is 90% purity on a dry basis.

CO2 Separation and Removal Technologies

There are two primary concepts for removing CO2 from flue gas.  One concept separates CO2

from the other components present in a mixed gas stream.  An alternative method modifies the
combustion process so that the flue gas produced is largely CO2, so that a separation step is not
required.
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Overview of CO2 Separation Technologies

Five separation technologies were examined for CO2 removal from the coal-based flue gas
produced at the HIPPS commercial plant.

Gas Absorption

Gas absorption processes are commonly used in commercial plants to remove CO2 from mixed gas
streams.  Gas absorption can treat streams with high or low pressures, and with high or low CO2

concentrations.  Gas absorption works by contacting the mixed gas stream containing CO2 with a liquid
solvent in which CO2 is soluble.  Two types of solvents are often used for CO2 removal:  Physical
solvents and chemically reactive solvents.  Physical solvents dissolve CO2 but do not react with it.
Chemically reactive solvents first dissolve CO2 and then react with it.  Physical solvents are more
suitable for mixed gas streams which are under high pressure.  The elevated pressure increases CO2

solubility, which in turn reduces the solvent circulation rate.  The performance of chemically reactive
solvents is not affected by the pressure.

If the mixed gas stream containing CO2 is at elevated pressure, the physical solvent can be
recovered by simply flashing to a liquid at a lower pressure.  Chemically reactive solvents require heat to
separate the dissolved gas.  Commercial experience indicates that the physical solvent process is more
economical if the CO2 partial pressure is above 200 psia (1,379 kPa).  At low inlet CO2 partial
pressure, and where a very low outlet concentration of CO2 is required, chemically reactive solvent
processes are more likely to be selected.

Cryogenic Cooling

CO2 can be separated from a mixed gas stream by liquefaction when the CO2 concentration is
sufficient.  CO2 can be liquefied at any temperature between its triple point -70°F (-57°C) and its
critical point 88°F (31°C) by compressing it to the corresponding liquefaction pressure, and removing
the heat of compression and condensation.  There are two common commercial liquefaction processes.
In the first process, the CO2 is liquefied near the critical temperature and cooling water is used for
cooling.  This process requires compression of the CO2 gas to about 1,100 psia (7,582kPa).  A second
liquefaction process operates with temperatures from 10 to 70°F (-12 to 21°C), and with liquefaction
pressure of about 250 to 350 psia (1,723 to 2,413 kPa).  This process requires dehydration of the feed
stream with activated alumina or silica gel dryer and distillation of the condensate in a stripping column.

Another cryogenic method for CO2 removal is to cool the mixed gas stream to such a low
temperature that CO2 condenses out of the gas phase.  This method is used to remove vapors of
organic compounds from vent gases and for other operations.

Membrane Separation

Membrane separation of mixed gases often competes with cryogenic air separation units and
pressure swing adsorption units when medium quantities of low purity product gas is required.  For large
quantities and high purity products, the number of stages and the recycle flow rates increase to such an
extent that membrane separation does not compete with cryogenic air separation units.



6-10

A pressure drop ranging from 50 to 400 psia (345 to 2,757 kPa) across the membranes is required
for the separation of mixed gases.  Membrane separation  technology is thus more suited for treating
mixed gas streams feed from a high pressure source.

Membrane Separation with Gas Absorption (MGA)

The partial pressure difference of the gas drives the separation of mixed gas streams with
membranes:  The greater the partial pressure difference across the membrane is, the greater is the flux of
the gas passing through it.  One method of increasing the partial pressure difference is to dissolve the
CO2 passing through the membrane in a liquid solvent, so that the partial pressure of CO2 is virtually
zero on the permeate side.  The solvent can be a physical solvent or a chemically reactive solvent.  This
method of gas separation is called membrane separation with gas absorption (or MGA, for short).  This
process is suitable for gaseous streams at low pressure.

Pressure Swing Adsorption (PSA)

Like the membrane separation, this process also competes with cryogenic air separation units which
produce oxygen and nitrogen.  For high purity products, the number of stages and the recycle flow rates
increase to such an extent that the PSA process does not successfully compete with the cryogenic air
separation unit.

Combustion Modification Technologies

Substitution of oxygen for all or part of the combustion air has been proposed in some concepts as
a method to produce a CO2 rich flue gas that requires no separation, and the combustion gas can be
sent directly to use or sequestration.

Oxygen Combustion

Conventional air combustion process produces flue gas which contains predominantly nitrogen and
excess oxygen in addition to CO2 and water.  The separation technologies have to separate CO2 from
these other components.  If the air is replaced by oxygen, the nitrogen content of the flue gas is zero and
the flue gas is predominantly CO2 with a small amount of excess oxygen and combustion water.

While schemes for oxygen combustion, usually with the recycle of flue gas for combustion control,
have been conceptually examined, there are no field units.  Commercial plant feasibility may be difficult
to justify under most conditions because of the auxiliary power consumption of the air separation unit
needed to produce the oxygen.

Evaluation of CO2 Separation Technologies

The following parts of the report provide detailed discussions of the technologies.

Gas Absorption Technology

There are several commercial gas absorption processes currently used for removing CO2 from
mixed gas streams.  Some of the more commonly used processes are listed in Exhibit 6-4.
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The first four processes on the exhibit use solvents which physically absorb the CO2 present in a
mixed gas stream.  Because these processes do not involve chemical reactions, little if any heat is
required to recover the solvent.  In most cases, lowering the pressure of the rich solvent stream is
sufficient to release the dissolved CO2.  The recovered solvent is recirculated to absorb more CO2.
These processes are used for mixed gas streams which are under high pressure and contain a high
concentration of CO2.  The solvent circulation rates for these processes are generally high.

For the other processes on the exhibit, a chemically reactive solvent is used which acts in two steps.
In the first step the solvent absorbs CO2, and in a second step it chemically reacts with the absorbed
CO2.  The compound produced by the chemical reaction is decomposed with heat to liberate the
solvent and CO2.  The liberated solvent is reused for further CO2 absorption.  Because the CO2

chemically combines with the solvent, these processes require substantial quantities of heat for the
solvent recovery.  Theoretically, all of the chemical absorption processes can be used at atmospheric
pressure, but in practice they are used for mixed gas streams which are under substantial pressure.  Two
examples of use are the removal of CO2 from natural gas and from synthesis gas.

Alkanolamines  (a group of amines) which are used for CO2 removal are monoethanolamine
(MEA), diethanolamine (DEA), diglycolamine (DGA), diisopropanolamine (DIPA), and triethanolamine
(TEA).  Of these amines, MEA is the most alkaline; that is, it has the highest dissociation constant and
the highest pH in water solution.  The others are progressively less alkaline in the order listed.  Other
properties which bear on the use of these amines follow in the same order as their akalinities.  The
chemical reaction with CO2 is fastest with MEA and decreases with the others.  The overall mass
transfer coefficients for various packings (KGa’s) for MEA are 2 to 2 1/2 times greater than those for
DEA.  For these reasons, MEA based processes are the most popular.  The MEA absorber/stripper
unit was selected for the assessment as a representative of the gas absorption processes.
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Exhibit 6-4
Gas Absorption Processes for CO2 Removal

No. Process Owner Use Remarks

1 Sulfinol Shell Oil
Company

Natural gas,
refinery gases and
synthesis gases.

Shell reported that there were 180
commercial units in operation or
under construction in 1996.

2 Selexol UOP Natural gas,
refinery gases and
synthesis gases

UOP reported that 53 commercial
units had been installed by 1992.

3 Rectisol Lurgi GmbH
and Linde AG

Heavy oil partial
oxidation process of
Shell and Texaco,
also Lurgi
gasification

Lurgi and Linde reported that there
were more than 100 commercial units
in operation or under construction in
1996.

4 Purisol Lurgi GmbH Natural gas,
hydrogen and
synthesis gases

Lurgi reported that there were seven
commercial units in operation or
under construction in 1996.

5 Catacarb Eickmeyer &
Associates,
Kansas

Any gaseous stream

6 Benfield UOP Synthesis gas,
hydrogen, natural
gas, town gas and
others

UOP reported that there were 600
commercial plants which had been
installed by 1992.

7 Alkanolamines

(a group of
amines)

Not owned by
any entity

Any gaseous stream Alkanolamines are a group of amines
produced by chemical companies like
Dow, Du Pont, Union Carbide etc.
These chemical companies supply the
chemically reactive solvents but not
the process equipment.

MEA-Based Absorber/Stripper

Process Description.

A process flowsheet for the MEA absorber/stripper is shown in Exhibit 6-5.  Coal-based flue gas
from the FGD unit at 132°F (56°C) is drawn by the booster fan, which increases the flue gas pressure
by 5 psia to 19.7 psia (35 to 136 kPa).  The boosted gas is cooled to 143°F (62°C) in the after-cooler
and then fed to the absorber where it is contacted with the lean MEA solution flowing downward.  The
lean MEA solution contains 30 weight percent MEA.  More than 90% of the CO2 present is absorbed
by the MEA solution.  The CO2-cleaned flue gas is discharged to atmosphere.  The rich MEA solution
from the bottom of absorber is pumped to the stripper via the MEA/MEA exchanger.  The stripper
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reboiler produces water vapor, which strips the rich MEA solution coming down the stripper.  The free
CO2 and water vapor go to the condenser.  Condensed water is separated from CO2 in the gas/liquid
separator.  Water condensate from the separator is pumped back to the stripper top as a reflux and
CO2 is ready for further processing downstream.

The lean MEA solution from the stripper bottom exchanges its heat with the cooler rich MEA
solution in the MEA/MEA exchanger.  The lean MEA solution is further cooled in the lean MEA cooler
and fed to the absorber.
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Exhibit 6-5
Process Flow Diagram Of CO2 Removal By MEA Absorber/Stripper

(One Of Six Trains)
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Major Stream Flows

Major stream flow rates for the MEA-based absorption/stripping unit are shown in Exhibit 6-6.
The total flow rate of the coal-based flue gas from the HIPPS 300 MW plant is too large to be handled
in one MEA train:  Six trains are needed for sufficient capacity.  The flow rates in the exhibit are for one
of the six trains.  The data was developed from the heat and material balances calculated by Aspen
Plus program simulating the MEA-based absorption/stripping unit.

Major Equipment

The major equipment list is presented in Appendix B and lists the equipment in one train.  Installed
spare equipment is not used because of the number of lines.  One exception is that all the pumps have
100% installed spares.

For sizing the heat exchangers, heat transfer coefficients were calculated using detailed calculation
methods given in Kern’s Process Heat Transfer book.  The number of theoretical and actual trays
required for the absorber and stripper are based on data from Kohl’s Gas Purification book (5th ed.).
The diameters of the absorber and stripper were estimated with Aspen Plus.  Their heights were
determined using Bechtel standards.  The remainder of the equipment items (pumps and tanks etc.) is
also sized from Bechtel standards.



6-16

Exhibit 6-6
CO2 Removal by MEA Absorber/Stripper

Major Stream Flow Rates

1 2 3 4 5 6 7 8 9 10

Flue Gas ex

FGD Unit

Boosted

Flue Gas

Cooled

Flue Gas

CO2 Free

Flue Gas

Absorber

Bottoms

Rich MEA

to Stripper

Stripper

Bottoms

Lean MEA

to Absorber

Stripper

Overhead

Vapor to

Condenser

Recovered

CO2

Gas Gas Gas Gas Liquid Liquid Liquid Liquid Gas Gas

H2O 23,424 23,424 23,424 33,676 397,327 397,327 396,517 407,578 42,310 811

MEA 0 0 0 75 174,807 174,807 174,807 174,882 1 0

CO2 46,590 46,590 46,590 4,508 59,244 59,244 17,148 17,148 42,141 42,082

O2 7,632 7,632 7,632 7,632 0 0 0 0 0 0

N2 155,060 155,060 155,060 155,060 0 0 0 0 0 0

A 2,673 2,673 2,673 2,673 0 0 0 0 0 0

Total flow, lb/h 235,379 235,379 235,379 203,624 631,378 631,378 588,472 599,608 84,452 42,893

Total flow,
lbmol/h

8,199 8,199 8,199 7,814 26,262 26,262 25,261 25,876 3,306 1,001

Temperature,
°F

131 175 143 154 149 200 246 95 212 95

Pressure, psia 14.7 19.7 18.95 14.95 18.95 24.7 24.7 15.7 20.7 19.0
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Exhibit 6-6 (Continued)
CO2 Removal by MEA Absorber/Stripper

Major Stream Flow Rates
11 12 (Note 2)   13 (Note 2)   14 (Note 2)   15 16 17 18

Condensate

ex Gas/Liq

Separator

Steam to

Reboiler

Cooling
Water to

After-Cooler

Cooling
Water to

Lean MEA
Cooler

Cooling
Water to
Stripper

Condenser

Make up
MEA and

Water

Lean MEA
ex Exchanger

Lean MEA to
Cooler

Liquid Gas Liquid Liquid Liquid Liquid Liquid Liquid

H2O 41,499 188,271 95,000 2,340,000 5,795,000 11,063 396,517 407,578

MEA 0 0 0 0 0 76 174,807 174,882

CO2 60 0 0 0 0 0 17,148 17,148

O2 0 0 0 0 0 0 0 0

N2 0 0 0 0 0 0 0 0

A 0 0 0 0 0 0 0 0

Total flow, lb/h 41,559 188,271 95,000 2,340,000 5,795,000 11,139 588,472 599,608

Total flow, lbmol/h 2,305 10,451 5,273 129,890 321,671 615 25,261 25,876

Temperature, °F 95 281 63 63 63 60 186.5 184

Pressure, psia 19.0 50.0 75.0 75.0 75.0 14.7 24.7 24.7

NOTES.

1. Processing of all the coal-based flue gas produced at the HIPPS commercial plant requires six trains. The flow rates in Exhibit 6-6 are for
one of the six trains.

2. Cooling water enters the heat exchanger at 63°F and exits at 83°F.
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Major Equipment Cost

The estimates for major equipment costs are summarized in Exhibit 6-7.  The cost of the vessels,
such as the absorber, stripper and tanks are estimated based on their weight and materials of
construction.  Heat exchangers were priced from the cost data received with recent vendor quotations
of heat exchangers.  Cost of pumps and their motors were determined from The Richardson Rapid
Systems.

Exhibit 6-7 shows the equipment cost for one train to be about $5 million.  Thus, the equipment cost
for the 6 trains needed for the HIPPS plant is about $31 million.

Exhibit 6-7
Major Equipment Costs

CO2 Removal by MEA Absorber/Stripper
(1 of 6 Trains)

Equipment Quantity
Cost 1999

Dollars

Absorber 1 210,000

Stripper 1 17,000

MEA Make up Tank 1 29,000

After Cooler 1 127,000

MEA Cooler 1 344,000

MEA/MEA Exchanger 1 481,000

Condenser 1 1,921,000

Reboiler 1 1,324,000

Booster 1 601,000

Rich-MEA Pump 2 34,000

Lean-MEA Pump 2 31,000

Condensate Pump 2 6,000

Total major equipment cost 5,125,000

Annual Consumption of Utilities

Estimates for the annual consumption of utilities and their costs are summarized in Exhibit 6-8. The
cost for utilities consumption is $5 million per year for one train, or $30 million for the 6 train design.
Generic unit costs are applied to the annual quantities of utilities to calculate cost.  Later discussions in
the report used the utilities’ costs to calculate operating and maintenance costs, as inputs to the
estimates of cost of electricity and cost per ton of CO2 avoided
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Exhibit 6-8
Annual Utilities Cost

CO2 Removal by MEA Absorber/Stripper
(1 of 6 Trains)

Units Quantity/train Cost, $

Annual MEA consumption lb/year 61,000 40,000

Annual process water consumption 1,000 gal/year 10,500 2,000

Annual power consumption kWh/year 9,118,000 456,000

Annual steam consumption 1,000 lb/year 1,484,300 4,156,000

Annual cooling water consumption 1,000 gal/year 7,817,500 391,000

Total for one train

1999 Dollars

5,045,000

Other Solvents-Based Absorber/Stripper Processes

Several manufactures of amine solvents for the removal of CO2 from mixed gas streams were
contacted.  The solvents are used in an absorber/stripper process similar to the MEA-based
absorber/stripper.  The results of the discussions are described below:

Dow Solvent Based Absorber/Stripper Process

Dow manufactures amines and other solvents which are used for the removal of CO2 from mixed
gas streams.  They also offer the GAS/SPEC CS-2000 process, which can be used to remove CO2.
However, when Dow was asked for a quotation for the removal of CO2 from the HIPPS flue gas, they
declined, saying that the presence of oxygen in the flue gas made it unsuitable for the GAS/SPEC CS-
2000 process.

Union Carbide Solvent Based Absorber/Stripper Unit

Union Carbide manufactures amines and other solvents which are used for the removal of CO2 from
mixed gas streams.  To assist with the study, Union Carbide very graciously performed a simulation for
the coal-based flue gas produced at the HIPPS commercial plant using their proprietary solvent
UCARSOL AP-814.

The process flowsheet of Union Carbide’s unit is shown in Exhibit 6-9.  Coal-based flue gas from
the FGD unit at 132°F (56°C) is drawn by the compressor, which increases the flue gas pressure from
14.8 to 60.7 psia (102 to 418 kPa).  The compressed gas is cooled to 132°F (56°C) in the after-
cooler and then fed to the absorber where it is contacted with the lean UCARSOL solution flowing
downward.  The lean UCARSOL solution in Stream 8 contains 50 wt% UCARSOL.  More than
90% of the CO2 present is absorbed by the UCARSOL solution.  The CO2 cleaned flue gas is
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discharged to atmosphere.  Rich UCARSOL solution from the bottom of absorber is pumped to the
stripper via the Lean/Rich exchanger.  The stripper reboiler produces water vapor which strips the rich
UCARSOL solution coming down the stripper.  The free CO2 and water vapor go to the condenser.
The condensed water is separated from CO2 in the gas/liquid separator.  The water condensate from
the separator is pumped back to the stripper top as a reflux and CO2 is ready for further processing
downstream.

The lean UCARSOL solution from the stripper bottom stream exchanges heat with the cooler rich
UCARSOL solution in the Lean/Rich exchanger.  The lean UCARSOL solution is further cooled in
the Lean Solvent Cooler and fed to the absorber.

It should be noticed that in the UCARSOL based process the flue gas is pressurized to 60.7 psia
(418 kPa) whereas in the MEA process it is pressurized to 19.7 psia (136 kPa).  Therefore this
process uses more power than the MEA process.  Furthermore, in the UCARSOL based process, the
CO2 free flue gas is at a pressure of 55 psia (379 kPa) whereas in the MEA based process, the same
stream is at a pressure of 15 psia (103 kPa).



6-21

Exhibit 6-9
CO2 Removal By U.C. Solvent Absorber/Stripper

(One Of Five Trains)
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Major Equipment  The major equipment list for the Union Carbide process is contained in
Appendix C, and lists equipment for one train.  Only pumps are spared with 100% installed spares
used.

For sizing the heat exchangers, heat transfer surfaces were calculated using the same heat transfer
coefficients as were used in the MEA process.  The number of the actual trays required for absorber
and stripper were provided by Union Carbide during their simulation work.  The diameters of the
absorber and stripper were also estimated by Union Carbide.  The heights of the absorber and stripper
were determined using Bechtel standards.  The remainder of the equipment items was also sized using
Bechtel methods.

Major Equipment Cost  The estimated cost for major equipment cost is shown in Exhibit 6-10.  The
cost of the vessels such as the absorber, stripper and tanks was estimated by their weight and materials
of construction.  Heat exchangers were priced from the heat exchanger cost data from recent vendor
quotations.  The cost of pumps and their motors were determined from The Richardson Rapid
Systems.

Exhibit 6-10 displays the equipment cost of one of the five trains (about $6 million).  For the five
trains, the equipment cost is $30 million.

Exhibit 6-10
Major Equipment Cost

CO2 Removal by UCARSOL Absorber/Stripper
(1 of 5 Trains)

Equipment Quantity

Cost

1999 Dollars

Absorber 1 307,700

Stripper 1 16,700

Solvent Make up Tank 1 65,100

After Cooler 1 941,800

Lean Solvent Cooler 1 290,400

Lean/Rich Exchanger 1 670,100

Condenser 1 319,700

Reboiler 1 581,900

Compressor 1 2,646,000

Rich-Solvent Pump 2 39,600

Lean-Solvent Pump 2 38,600

Condensate Pump 2 6,400

Total major equipment cost 1999
Dollars

5,924,000
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Annual Consumption of Utilities  The annual consumption of utilities and their estimated cost is
shown in Exhibit 6-11.  With the cost for one train at $5.25 million, the cost for 5 trains is about $26.25
million.

Exhibit 6-11
Annual Utilities Cost

CO2 Removal by UCARSOL Absorber/Stripper
(1 of 5 Trains)

Units Quantity/train
Cost

1999 Dollars

Annual solvent consumption lb/year 73,000 164,000

Annual process water consumption 1,000 gal/year 3,032 500

Annual power consumption kWh/year 58,098,000 2,905,000

Annual steam consumption 1,000 lb/year 679,822 1,904,000

Annual cooling water consumption 1,000 gal/year 5,523,549 276,000

Total for one train

1999 Dollars

5,249,500

Cryogenic Cooling

Three industrial organizations were approached to propose a cryogenic process for the removal of
CO2 from the HIPPS coal-based flue gas.  Only BOC Gases responded.

BOC Gases supplies equipment and offers a process called cryocleaning.  The process is used to
remove volatile organic compounds (VOCs) by cooling the VOC laden gas with liquid nitrogen, which,
during the process, is vaporized to the gaseous state.  The process is typically used where quantities of
VOCs are small and the vaporized nitrogen can be used elsewhere in the plant.

To apply the cryocleaning process for flue gas CO2 removal, the flue gas with CO2 will be cooled in
a heat exchanger by vaporizing the liquid nitrogen.  By a preliminary estimate, BOC Gases found that

• the amount of nitrogen required is very large, and
• the number of cryocleaning units required is very large, and
• the vaporized nitrogen gas could not be used at the power plant.

Based on the above, BOC concluded that the cryocleaning process will not be economically
feasible for HIPPS CO2 removal, and they declined to provide a budgetary quotation for the study.

To examine the cryogenic concept, basic principles of heat transfer were used to prepare a
conceptual design of a cryogenic cooling system to cool the flue gas to so that 90% of the CO2 present
will be condensed.  The study did not optimize the designed cryogenic cooling system.
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Process Principles

Major components of the cleaned dry flue gas are CO2, N2, O2 and A.  The physical data3 of the
components are given in Exhibit 6-12.  The exhibit shows that the boiling point of CO2 is the highest of
all the components of the flue gas.  That means, that as flue gas is cooled, the first component to
condense will be CO2.  Furthermore, since the boiling point of CO2 is about 200°F (93°C) higher than
the other components, very little of the other components will condense with CO2 and the condensate
will be virtually pure CO2.  The CO2 condensate should not require further purification.

Exhibit 6-12
Physical Data of Flue Gas Components

Component
Boiling
Point °F

Critical Temp. (Tc),
°F

Critical Pressure
(Pc), psia

CO2 -109.3 87.8 1,070

N2 -320.4 -232.6 493

O2 -297.4 -182.2 732

A -302.8 -188.3 705

The vapor/liquid equilibrium calculation shows that to condense 90% CO2 under atmospheric
pressure, the flue gas needs to be cooled to -180°F (-118°C).  The cooling of flue gas down to
-180°F (-118°C) to condense 90% CO2 is shown in the process flow diagram  (Exhibit 6-13).

Process Description

The flue gas from the FGD unit of the power plant is drawn by a centrifugal booster that increases
the flue gas pressure from 14.7 to 16.7 psia (101 to 115 kPa).  The boost in the flue gas pressure is
required to overcome the pressure drop in the downstream equipment.  The compressed gas is cooled
in an aftercooler to 70°F (21°C) wherein part of the water vapor is condensed.  The condensate is
removed from the flue gas in the condensate separator.  The gas leaving the condensate separator is
saturated with water vapor at 70°F (21°C).  This water vapor is removed in the flue gas dryer system
which consists of a glycol dryer and a packed bed dryer.  The saturated flue gas enters the glycol dryer
and leaves it with a moisture content of 150 ppmv.  The gas exiting the glycol dryer enters the packed
bed dryer which contains a UOP adsorbent called molsiv.  (This is the same as the commercially known
molecular sieve 4A.)  The molsiv packing reduces the water content of the flue gas to less than a 0.1
ppmv.  The flue gas water removal is required to avoid the plugging of the downstream heat exchangers
operating at low temperatures.

                                                
3 W.H. Isalski, Separation of Gases, Clarendon Press, Oxford, 1989.
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Exhibit 6-13
CO2 Removal By Cryogenic Cooling

(One Of Six Trains)
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The dry flue gas leaving the flue gas dryer is split into two streams.  One stream goes to the FG/FG
exchanger and the other goes to the N2/FG exchanger.  Both these exchangers pre-cool the flue gas
from 70 to -175°F (21 to -115°C).  The pre-cooled flue gas streams exiting the FG/FG exchanger and
the N2/FG exchanger are combined into a single stream and passed through the CO2 condenser.  In the
CO2 condenser, the latent heat of CO2 condensation is supplied by the latent heat of N2 boiling.  The
condensed CO2 and the uncondensed flue gas exit the CO2 condenser at -180°F (-118°C) and enter
the gas/liquid CO2 separator where the CO2 condensate is removed from the bottom as the liquid CO2

product and the cold flue gas exits from the top.  The cold flue gas is directed to the FG/FG exchanger
where it pre-cools the incoming dry flue gas.  Nitrogen leaves the CO2 condenser as vaporized gas and
enters the N2/FG exchanger to pre-cool the incoming dry flue gas.

The liquid nitrogen entering the CO2 condenser comes from a nitrogen liquefier unit.  After passing
through the CO2 condenser and the N2/FG exchanger, it is returned to the N2 liquefier unit as a gas at
0°F (18°C).

The most common way to produce liquid nitrogen is to split air into gaseous oxygen and gaseous
nitrogen in an air separation unit.  The gaseous nitrogen produced in the air separation unit is then
liquefied in a N2 liquefier.  For the present study, it was assumed that air separation unit is not needed.
Only the N2 liquefier unit is required.  Thus, at the time of the unit start up, liquid N2 will be imported to
fill the N2 liquefier unit.

It was noted that both the product flue gas exiting the FG/FG exchanger, and N2 gas exiting the
N2/FG exchanger are at 0°F (18°C).  A calculation showed that if the product flue gas exits the FG/FG
exchanger at 50°F (10°C), then N2 gas exiting the N2/FG exchanger will be at -77°F (-61°C).  Thus it
will reduce the heat load on the liquefier by about 2.1 million Btu/h (2.2 million kJ/h) per train.
However, what impact will this have on the power consumption and equipment size of the N2 liquefier is
not known.  The impact of the redistribution of heat duties of the FG/FG exchanger and N2/FG
exchanger will be to increase the total heat transfer area from 31,400 to 64,300 ft2 (2,917 to 5,974 m2)
per train.  It is very likely that the cost of the increase in the surface area of the two heat exchangers will
be offset by the savings caused by the reduction of the heat load of the N2 liquefier, but to prove this
requires a more detailed study.

For the cryogenic cooling process, liquid nitrogen was selected as a refrigerant for the following
reasons:
• It is commercially used in the BOC Gases cryocleaning process.
• It is commercially available.
• It is a non-greenhouse gas.  Most of the other refrigerants are harmful to the ozone layer.

Major Stream Flows

Major stream flow rates for the cryogenic cooling process is shown in Exhibit 6-14.  The total flow
rate of the HIPPS coal-based flue gas is too large to be handled in one train.  It requires six trains.  The
flow rates in this table represent one of the six trains.  This table was developed from calculated heat
and material balances.
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Exhibit 6-14
Major Stream Flow Rates

CO2 Removal by Cryogenic Cooling
Stream 1 2 3 4 5 6 7 8 9

Flue Gas
ex

FGD Unit

Boosted

Flue Gas

Cooled

Flue Gas

Water

Condensate

Dried

Flue Gas

Dry FG to

FG/FG

Exchanger

Dry FG to

N2/FG

Exchanger

Pre-cooled

FG to CO2

Condenser

Liquid N2

to CO2

Condenser

Gas Gas Gas/Liquid Liquid Gas Gas Gas Gas Gas

H2O 23,424 23,424 2,764 20,660

CO2 46,590 46,590 46,590 46,590 28,254 18,336 46,590

O2 7,632 7,632 7,632 7,632 4,628 3,004 7,632

N2 155,060 155,060 155,060 155,060 94,034 61,026 155,060 107,529

A 2,673 2,673 2,673 2,673 1,621 1,052 2,673

Total flow, lb/h 235,379 235,379 214,719 20,660 211,955 128,537 83,418 211,955 107,529

Total flow, lbmol/h 8,199 8,199 7,052 1,147 6,899 4,184 2,715 6,899 3,839

Temperature, °F 131 154 70 70 70 70 70 -175 -315

Pressure, psia 14.7 16.7 16.3 16.3 16.2 16.2 16.2 15.7 19.7
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Exhibit 6-14
(continued)

9 10 11 12 13 14

Liquid N2

to CO2

Condenser

Liquid

CO2

Product

Cold FG to

FG/FG

Exchanger

Product

FG to

Atmosphere

Cold N2

Gas

from CO2

Condenser

N2 Gas to

N2

Liquefier

Gas Liquid Gas Gas Gas Gas

H2O

CO2 41,941 4,649 4,649

O2 7,632 7,632

N2 107,529 155,060 155,060 107,529 107,529

A 2,673 2,673

Total flow, lb/h 107,529 41,941 170,014 170,014 107,529 107,529

Total flow, lbmol/h 3,839 953 5,946 5,946 3,839 3,839

Temperature, °F -315 -180 -180 0 -185 0

Pressure, psia 19.7 15.2 15.2 14.7 16.7 15.7

NOTES

1. Processing of all the coal-based flue gas produced at the HIPPS commercial plant requires six trains. The  flow rates in Exhibit 6-13 are for
one of the six trains.
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Major Equipment

The major equipment list is contained in Appendix D.  The appendix lists equipment for one of the
six trains.  The only equipment that is spared is the flue gas dryer, which requires regeneration after
every eight hours.  The flue gas dryers were sized by UOP.  The remainder of the equipment items was
sized using Bechtel standards.

Major Equipment Cost

Major equipment estimated cost is shown in Exhibit 6-15.  Cost of the vessels such as dryers and
separators was estimated by their weight and materials of construction.  Heat exchangers were priced
from cost data in recent vendor quotations of heat exchangers.  Cost of the liquid nitrogen unit was
obtained from published literature4.

Exhibit 6-14 estimates equipment cost of one of the six trains, or about 13 million dollars.
Therefore for the six trains, the equipment cost is 78 million dollars.

Exhibit 6-15
Major Equipment Cost

CO2 Removal by Cryogenic Cooling
(1 of 6 Trains)

Equipment Quantity

Cost

1999 Dollars

Feed Flue Gas Dryer System 1 467,000

Product FG-Liquid CO2 Separator-A 1 21,000

Product FG-Liquid CO2 Separator-B 1 30,000

After Cooler 1 1,103,000

CO2 Condenser 1 630,000

FG/FG Exchanger 1 2,015,000

N2/FG Exchanger 1 1,159,000

Booster 1 312,000

Nitrogen liquefier unit 1 7,184,000

Total major equipment cost

1999 Dollars

12,921,000

                                                
4 P.G. Blakey and R.A. Mostello, “Nitrogen, Oxygen, and Argon Production from Air” in John McKetta et al,
Encyclopedia of Chemical Processing and Design, Volume 31, p. 205, Dekker, New York, 1990.
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Annual Consumption of Utilities

Annual consumption of utilities and their cost are estimated in Exhibit 6-16.  This exhibit shows the
cost of utilities consumption is $7.5 million per year.  For the six trains, it is $45 million per year.  It is
noted that most of utilities cost is for the electricity consumed by the nitrogen liquefier.

Exhibit 6-16
Annual Utilities Costs

CO2 Removal by Cryogenic Cooling
(1 of 6 Trains)

Units Quantity/train

Cost

1999 Dollars

Annual power consumption 1,000 kWh/year 149,926 7,496,000

Annual cooling water consumption 1,000 gal/year 1,176,044 59,000

Total utilities cost 7,555,000

Membrane Technology
Several membrane technology developers were contacted with requests for technical and

commercial information about their technologies.  The results of these contacts are summarized below:

UOP Gas Separation Membranes

UOP operates three commercial units for removing CO2 from natural gas.  A fourth unit is being
shipped to a site in Pakistan.  UOP membranes are called Separex Membranes.  UOP declined to
provide a budgetary quote because their membrane requires that the feed flue gas be compressed to
400 psia (2,757 kPa), and based on their experience, the compression requirement would make their
process uneconomical.  For example, natural gas feed to the separation membrane could be 1000 psia
(6,893 kPa) or even higher because of geological pressure, and the pressure greatly enhances the
membrane separation economics.

Medal Gas Separation Membranes (Medal = MEmbrane Systems Du Pont Air Liquide)

According to Medal, they have made numerous estimates for this type of application, but none have
been implemented.  Therefore they declined to develop a budgetary quotation for this study.

SEHAN Membrane Technology, Seoul, Korea

Offers PCFD membrane modules for the separation of CO2 from mixed gas streams.  SEHAN did
not respond to several requests for information.  Upon further investigation it was noted that SEHAN
deals with gas separation in small quantities (liters) which are primarily for hospital application and
perhaps that was the reason they never responded.
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Permea Gas Separation Membranes

Air Products and Chemicals’ Permea Division supplies membranes based separators called
PRISM separators.  These separators operate on the principle of selective gas permeation.  Every gas
entering the PRISM separator has a characteristic permeation rate that is a function of its ability to
dissolve in, diffuse through and dissolve out of the hollow fiber membrane.  The permeation rate is the
product of the solubility and diffusivity rates of the gas in the membrane.

PRISM separators utilize these relative permeation rates to selectively separate a “fast” gas, such
as hydrogen from the “slow” gas components, such as nitrogen, in a gaseous stream.  Relative rates of
permeation for some common gases are shown below:

H2O CO2 O2 A N2 CH4

“FAST” “SLOW”

The driving force for gas separation is the difference between the partial pressure of each stream
component on either side of the hollow fiber membrane.

The PRISM separator module (Exhibit 6-17) consists of a compact bundle of hollow fibers which
are sealed at one end and open at the other.  The open ended fibers are held in a tube sheet.  The
bundle is contained within a coded pressure vessel.  The pressurized feed gas enters at the side inlet of
the PRISM separator and flows up through the PRISM separator on the outside of the fibers (shell
side).  The fast gases selectively permeate through the membrane into the inside of the hollow fibers
(bore side) which is at lower pressure.  The permeate stream is collected in a manifold at the lower end
of the PRISM separator.  The retentate gas exits through the upper end of the PRISM separator at
essentially the same pressure as the feed gas.

Each PRISM separator employs hundreds of thousands of these small diameter hollow fibers to
provide the maximum separation surface in a compact module.  To obtain the desired performance, an
appropriate number of PRISM separator, arranged in series, parallel or cascade, are assembled into a
skid mounted system.
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Exhibit 6-17
PRISM Module

Water, at any level up to saturation, in the gas stream does not impair operations nor require pre-
treatment.  The system can accept particulates in suspension without pre-filtration.  The presence of any
liquid droplets requires mist elimination.  Heavier liquid loading requires the use of a liquid knock out
vessel prior to the membrane.

For the system proposed by Permea, the flue gas is compressed to 165 psia (1,137 kPa) and then
fed to one end of PRISM separator module.  Almost 100% of water vapor and 90% of the CO2 in
the compressed feed flue gas passes through as a permeate gas.  The remaining components of the flue
gas exit the separator as the retentate stream.  Pressure of the permeate (CO2 and water vapor) is
about 16 psia (110 kPa) and that of the retentate about 145 psia (999 kPa).  The recovered CO2

contains about 10% impurities on dry basis.  Exhibit 6-18 shows the process operations for the Permea
system.

FEED FLUE
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Exhibit 6-18
Permea Membrane CO2 Process

The membrane modules can be arranged in several schemes.  One of the schemes is shown in
Exhibit 6-18.  In this figure, flue gas from the FGD unit of the power plant is drawn by compressor I.
This compressor increases the flue gas pressure from 14.7 to 165 psia (101 to 999 kPa).  The
pressurized flue gas is fed to the membrane module I.  The non-permeate gas leaves membrane module
I at 145 psia (199 kPa) and the permeate gas leaves at 16 psia (110 kPa).  The CO2 concentration in
the non-permeate gas is lower than that in the feed flue gas and the CO2 concentration in the permeate
gas is higher than that in the feed flue gas.  The permeate gas is compressed by compressor II to 165
psia (999 kPa) and fed to membrane module II.

The non-permeate gas leaving the second membrane module is at 145 psia (999 kPa) and has a
higher CO2 concentration in the non-permeate gas from the first membrane module.  This non-permeate
gas can either be returned to the first compressor for recycling (as indicated by the dotted line) or it can
be combined with the non-permeate gas from the first membrane module and released to atmosphere as
shown.  The permeate gas exiting the second membrane module is at 16 psia (110 kPa) and has a CO2

concentration much higher than that of the permeate gas of the first membrane module.  If the CO2

concentration of the permeate is still lower than what is required, it is subjected to another compression
and fed to another membrane module.  However, if the CO2 concentration in the permeate stream from
the second membrane module is acceptable, then it is regarded as the product stream, as shown.  The
product stream is now ready for further processing like liquefaction or transportation.

Permea did not supply information about the stream flows or the major equipment.   Permea did
provide the capital cost of one of the six trains in million of dollars as follows:

FEED FLUE GAS

COMPRESSOR I

COMPRESSOR  II

NON-PERMEATE GAS

MEMBRANE

MODULE  I

MEMBRANE

MODULE  II

NON-PERMEATE GAS

PERMEATE GAS

PRODUCT PERMEATE GAS

165 PSIA

165 PSIA16 PSIA

145 PSIA

145 PSIA

16 PSIA
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PRISM separator modules $48
Compressors $115
Total $163  million
Therefore the capital cost of the six trains in million dollars is:

PRISM separator modules $290
Compressors $690
Total $980 million
The utilities cost for one train is $34 million, and for six trains the cost is about $200 million.

Membrane Gas Absorption Technology

Several membrane gas absorption technology developers were contacted with requests for technical
and commercial information about their technology.  The results of the contacts are summarized below:

Kvaerner Water Systems (a division of Kvaerner) is developing a system for the separation of CO2

from flue gas produced by a gas turbine operating on an offshore platform5.  In the process, Kvaerner
proposes to combine amine (MEA) absorption, amine desorption and gas separation membrane.  They
are using a Gore-Tex membrane made by W.L. Gore to make the CO2 separation into amine more
efficient, and more compact than the conventional method of passing the gas through a solution in a
packed column.  The membranes can be packed tightly; the unit works over a wider range of gas and
liquid rates; and there is no foaming, channeling or other disturbances found in large columns.  An amine
solution is passed through very fine tubes of membrane, over which the gas is passed.  CO2 in the gas is
preferentially absorbed by the amine solution through the membranes.

Kvaerner’s preliminary conclusions about the process are as follows:

• An amine (MEA) absorption process is the best process
• Membrane gas/liquid contactors are the best alternatives to conventional absorption columns
• Membrane gas/liquid contactors are the best alternatives to conventional desorber columns (i.e.,

strippers)

A demonstration trial with high pressure gas started earlier in 1998 at the Sage terminal for North
Sea gas in Scotland.  A trial on the flue gas separation at Statoil’s gas terminal at Karstee, Norway,
should have started in the Summer of 1998, and a further trial with flue gas is likely to start at a British
Petroleum’s site in 19996.

Technical and cost information was requested several times from Kvaerner, but they did not
respond to contacts.

                                                
5 O. Falk-Pedersen and H. Dannstrom, “Separation of Carbon dioxide from Offshore Gas Turbine Exhaust”,
Proceedings of the Third International conference on Carbon Dioxide removal, Cambridge, MA, USA, 9-11
September 1996, Pergamon.
6 Andrew Miller’s article, “The gas that no one wanted”, Review April – June, 1998, p. 11.
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At their membrane laboratories, the Research Institute of Innovative Technology for the Earth
(RITE) are developing a RITE process for recovering CO2 from flue gas by gas separation membranes.
Their objective is to develop a process to produce 99.9% pure CO2 to be used in methanol production.

The process flow sheet for the RITE process is shown in Exhibit 6-19.  Coal-based flue gas from
the power plant is drawn by the booster fan, which increases the flue gas pressure by a few psi to
overcome the pressure drop in the low pressure membrane module.  The permeate gas leaving the low
pressure membrane module is enriched in CO2 content.  The non-permeate gas is deprived of CO2 and
is discharged to the atmosphere.

Exhibit 6-19
RITE Process for CO2 Separation

The CO2 enriched part of the flue gas is compressed to a high pressure and is passed through a
suitable dehydrator because of the cryogenic distillation downstream.  There are two sets of dehydrator
beds.  While one bed is adsorbing the water vapor from the flue gas, the other bed is being regenerated
with the permeate gas coming from the high pressure membrane module.  The dehydrated gas leaving
the dehydrator bed is cooled to liquefy, and is then fed to the cryogenic distillation column.  Bottoms
from the distillation column is 99.9% pure CO2 and the overhead noncondensables are fed to the high
pressure membrane module.  In the high pressure membrane module, the permeate gas is recycled via
the spent dehydrator.  The non-permeate gas from the high pressure membrane module is discharged
into the atmosphere as flue gas.

As the process flow diagram indicates, only a fraction of the original flue gas is compressed to a high
pressure.  Though it is not known how much additional membrane is required to minimize the power
consumption for compression, the idea seems to be right.
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RITE was asked for process and cost information to process 49,194 lb-mol/h (22,314 kg-mol/h) of
flue gas, or one sixth of total HIPPS coal-based flue gas.  Composition of the feed flue gas (supplied by
Bechtel to RITE) and composition of the permeate gas coming out of the low pressure membrane
(calculated by RITE) are shown in Exhibit 6-20.  The exhibit shows that the flow rate of the permeate
gas is 14,500 lbmol/h (6,577 kg-mol/h) which is about 29% of the feed flue gas.

RITE did not supply information about the major equipment.  RITE estimated the major equipment
cost for processing the above flue gas flow rate as about $125 million.  That means, for processing the
total, six train flue gas flow rate, the major equipment cost will be about $750 million.

Exhibit 6-20
Composition of Feed Flue Gas and Permeate Gas

Exiting the Low Pressure Membrane of the RITE Process
(1 of 6 Trains)

Feed Flue Gas Permeate Gas

O2, lbmol% 2.9 5.3

N2, lbmol% 68.3 39.9

CO2, lbmol% 12.9 39.8

H2O, lbmol% 15.9 14.9

Total, lbmol% 100.0 100.0
Flow rate, lbmol/h 49,194 14,500

RITE estimated the operating cost as about $40 million per year for processing the above flue gas
flow rate.  That means, for processing the total flue gas flow rate, the operating cost will be about $240
million per year.

TNO Institute of Environmental Sciences, Appledoorn, the Netherlands, is developing a process for
recovering CO2 from flue gas.  The new process is based on the combination of two known processes,
membrane separation and gas absorption.  In the TNO process, CO2 is brought in contact with a
suitable absorption liquid via a membrane.  TNO has developed and tested several absorption liquids
called CORAL (CO2 Removal Absorption Liquid.)  With this combination, the process developers are
expecting to achieve a 3-fold to 10-fold equipment size reduction compared to the size of amine
absorption/stripping process.  The reduced size of the equipment should also lead to reduced equipment
cost.  The expected operational benefits include the avoidance of channeling, foaming, flooding and
entrainment.  The membrane gas absorption units are being supplied by an equipment manufacturing
company Cirmac, Appledoorn, the Netherlands.

In the process, the flue gas travels on the one side of the low pressure membrane and liquid travels
at the other side of the membrane.  As the CO2 in the flue gas permeates through the membrane from
the gas side to the other side where CO2 is dissolved by the liquid flowing over that side.  The
permeation of CO2 gas from one side of the membrane to the other side depends upon the difference of
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CO2 partial pressure across the membrane.  As the diffused CO2 is dissolved away by the liquid, the
partial pressure of CO2 on the liquid side of the membrane is reduced in accordance with the CO2

solubility in and the CO2 reactivity with the flowing liquid.  This dissolution and reaction of CO2 with the
liquid increases the rate of CO2 permeation from gas side to the liquid side and reduces the amount of
membrane surface required.

According to Cirmac, the membrane modules are cubical in shape in which membrane surfaces are
arranged like the plates and frames in a plate-and-frame filter press or like the plates in a plate heat
exchanger.  Each module is provided with four ports.  Two ports are for the entry and exit of the flue
gas and the two ports for the entry and exit of the absorbing liquid.  Cirmac is currently offering module
size about 1.25 ft x 1.25 ft x 1.25 ft (40 cm x 40 cm x 40 cm).  The module size suitable for processing
the flue gas flow rates of this study will be about 2.5 ft x 2.5 ft x 2.5 ft (80 cm x 80 cm x 80 cm).
Cirmac will be offering the larger module size in a couple of years.

The process flow diagram for the membrane gas absorption process developed by TNO is shown
in Exhibit 6-21.  The flue gas from the FGD unit of the HIPPS commercial plant is drawn by a blower
which increases its pressure slightly above atmospheric pressure so that the gas can pass through the
membrane absorber module.  In the membrane module the gas flows over one side and the lean
CORAL flows over the other side.  The CO2 free gas leaves the module and is discharged to the
atmosphere.  The rich CORAL is directed to the stripper via the lean/rich exchanger.  The liberated
CO2 leaves the stripper via condenser as the product stream ready for further processing steps.  The
liberated CORAL is drawn from the stripper bottoms and sent to the membrane absorber via lean/rich
exchanger and lean CORAL cooler.  The process is thus continued indefinitely.
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Exhibit 6-21
Membrane Gas Absorption Process

(TNO/Cirmac)
Neither TNO nor Cirmac supplied any information about the major equipment for this study.

Though in a letter of April 19, 1999 to Mr. Nawaz of Bechtel, Dr. Feron of the TNO Institute stated,
“If you require more detailed information we would advise a research feasibility study dedicated to your
flue gas problem.”

In an article7, TNO Institute has published information on the conceptually designed commercial
plant.  The capacity to produce CO2 of this conceptual plant is such that to process all the coal-based
flue gas produced at the commercial HIPPS plant would require 11 of these units.  By using the figures
given in the article, investment cost for processing the total coal-based flue gas comes at about $80
million.

However, it is pointed out here that the reported TNO conceptual unit processed a flue gas which
has the CO2 concentration of 3.5%.  The HIPPS plant flue gas has a CO2 concentration of about 13%.

                                                
7 Paul H.M. Feron and Albert E. Jansen, Techno-Economic Assessment of Membrane Gas
Absorption for the Production of Carbon Dioxide from Flue Gas, Fourth International Conference
on Greenhouse Gas Control Technologies, Interlaken, Switzerland, August 30- September 2, 1998.
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The CO2 concentration difference of the two flue gases could reduce the TNO equipment cost for CO2

removal.  Furthermore, the TNO conceptual unit removed only 50% of the CO2 present in the flue gas.
The HIPPS study requires a 90% CO2 removal.  The higher percentage removal of CO2 could
significantly increase the equipment cost of the TNO unit.  Thus the two differences between TNO
conceptual unit, and the HIPPS commercial plant are likely to largely cancel each other.

From the information given in the TNO article, the operating and maintenance cost of the units
required for the coal-based flue gas produced at the HIPPS plant is estimated as $35 million per year.

PSA Technology

PSA, or pressure swing adsorption, technology is a commercial process for air drying, hydrogen
purification, n-paraffin removal, and small- to medium-scale air fractionation.  Depending on the feed
gas and the species to be adsorbed two vessels are filled with an adsorbent such as silica gel, molecular
sieves or molecular sieve carbon.  One vessel serves as an adsorbing bed, with the feed entering at
pressure; up to 150 psia (1,034 kPa).  When the bed is saturated, the feed is switched to the second
vessel.  Pressure in the first (spent) vessel is lowered to release the adsorbed species.  The adsorbent in
the vessel is regenerated and the vessel is pressurized to make it ready for another cycle.  The process
is repeated in the second vessel.

CarboTech, Industrieservice GmbH, Essen, Germany, is a supplier of pressure swing adsorption
(PSA) units:  Their representative, Gas Land in Fairfield, California was contacted for technical
information and a budget quotation for the removal of CO2 from the flue gas.  CarboTech opined that
the natural gas-based flue gas is too dilute for CO2 removal, and although the CO2 concentration was
better in the coal-based flue gas, its flow rate and a 90% recovery is a very difficult job.  Recovery
would require a very large number of PSA units which will create operational problems and the cost will
be very high.  Therefore, CarboTech declined to prepare a budget quotation for this study.

Oxygen Combustion

Except for gasification installations, existing commercial power plants use air for combusting coal,
with the major coal combustible components being carbon and hydrogen.  The oxygen in air combines
with the carbon and and hydrogen to produce carbon dioxide and water wapor.  The nitrogen in the air
is 79 mole percent of the total, and acts as a diluent and keeps the adiabatic flame temperature low.
Nitrogen in the combustion air becomes the major component of the flue gas, making the flowrate very
large, and removal of CO2 difficult.  If the coal is burned with oxygen instead of air, the major
components of the flue gas will be CO2 and water vapor only.  The CO2 from this mixture can be
removed by compressing and cooling, followed by glycol dehydration.  The adibatic flame temperature
can be moderated by recirculating a part of the recoverd CO2.

For a rigorous evaluation of the oxygen, or enriched air combustion technology and the removal of
CO2, one needs to account for the effect of oxygen combustion on the following items at the HIPPS
commercial power plant.

− thermodynamic cycle.
− size of the furnace.
− sizes of the heat exchangers
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The scope of the present study only allows for a more simplified approach as described below.

The adiabatic flame temperature was estimated for the HIPPS coal based on 20% excess air.  This
calculation showed that for no loss of heat and for no dissociation of the combustion products, the
adiabatic flame temperature was about 3,000°F (1,649°C).  Another calculation was made for the
same coal being burned with 98% pure oxygen from an air separation unit.  To the oxygen case
products of combustion, clean CO2 was added until the adiabatic flame temperature of 3,000°F
(1,649°C) was reached.  By keeping the same flame temperature (3,000°F) in both the combustion
calculations, the total enthalpy of the combustion products of both the calculations are the same, and it is
very likely that the size of the heat transfer equipment will be the same also.

In the oxygen based combustion calculation, 98% oxygen was used because of power consumption
considerations8.  Power consumption rises sharply for an oxygen purity exceeding 98%.  For the
production of oxygen with a purity lower than 98%, the power consumption curve becomes flat.
Therefore 98% oxygen was used in the calculation to minimize the amount of nitrogen (impurity in
oxygen) in the flue gas and at the same minimize the power consumption by the oxygen producing unit.
More detailed trade-off work is required to validate the oxygen specification if the issue is further
studied.

Results of the air and oxygen combustion calculations are shown in Exhibit 6-22.

Exhibit 6-22
Comparison of Air Combustion and Oxygen Combustion

Basis: 100 lb HIPPS Coal

Air
Combustion

Oxygen
Combustion

Adiabatic flame temperature, °F 3,000 3,000

Mass of gas combustion products, lb 1,290 1,223

Moles of gas combustion products, lbmol 43.8 29.8

CO2 concentration in dry flue gas, mol% 12.4 94.3

High-emissivity components, mol% 18.2 95.2

A comparison of the two combustion calculations shows that the mass of CO2 required to achieve
the 3,000°F (1,649°C) flame temperature is less than that of the nitrogen in the air.  This is because the
mass heat capacity of CO2 is higher than that of nitrogen.  Moreover, because the molecular weight of
CO2 is higher than that of N2, the molar flow rate of CO2 required to maintain the same adiabatic flame

                                                
8 John McKetta’s Encyclopedia of Chemical Processing and Design, p.214 Volume 31, Dekker, 1990
contains a graph showing oxygen purity versus power required for the production of oxygen.
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temperature is lower than that of nitrogen.  Thus, the molar and volumetric flow rate of gaseous
combustion products inside the furnace will be much lower than that for air combustion.  Therefore, for
the same amount of heat transfer, the pressure drop for oxygen combusion will be less than for air
combustion.

Exhibit 6-22 also shows that the CO2 concentration in flue gas increases from 12.4 mol% with air
combustion to 94.3 mol% with oxygen combustion.  The remaining components of the oxygen-based
flue gas are the excess oxygen, nitrogen impurities in the combustion oxygen, and the nitrogen in coal.  If
the excess oxygen is reduced say from 20 to 10%, the CO2 concentration in the oxygen-based flue gas
will be higher.  It should be noticed that even with 20% excess oxygen, the CO2 concentration in the
oxygen based flue gas is so high that it can be regarded as the product CO2 ready for further treatment
or sequestering.

In the chapter on Furnace Calculations, Kern’s Process Heat Transfer book reads as follows:

“The diatomic gases such as O2, N2, and H2 have very poor emissivities, so low that they may be
considered zero in furnace-design work.  On the other hand, H2O, CO2, and SO2 have good
emissivities (though much poorer than most solid materials), and CO has a fair emissivity.  The
sources of radiation may be referred to specifically as the radiating constituents in the
combustion products.  Ordinarily H2O and CO2 are the only radiating constituents which need be
considered, since the small amount of sulfur in most fuels is negligible and furnaces are generally
operated with sufficient excess air to eliminate CO.”

Exhibit 6-22 shows that comparing air combustion to oxygen combustion, the high emissivity
components of flue gas increase from 18% (air combustion) to 95% (oxygen combustion).  The
increased emissivity will mean an increased heat transfer coefficient and less heat transfer equipment.
This agrees with the findings9 of T. Kiga who conducted experiments on the combustion of coal with
oxygen and recycled flue gas (i.e., CO2).  Their experiments used a horizontal, cylindrical type furnace
with a water wall lined with refractory.  The furnace inside diameter was 4.25 ft (1.3 m) and length 25 ft
(7.5 m).  The exhaust gas entered a stack through a flue gas cooler, a tubular air preheater, a multi-
cyclone dust collector and a bag filter.  Part of flue gas was removed downstream of the bag filter and
recycled as the primary gas for transporting pulverized coal and secondary gas for combustion.  Oxygen
was supplied by evaporating liquid oxygen.  Part of oxygen was mixed with the secondary gas for
combustion and another part was directly injected into the burning area of the furnace.  Combustion
tests were performed at the firing rate of 220 lb/h (100 kg/h) using three kinds of bituminous coal.

Their combustion results showed that air-blown combustion produced a large amount of NOx in the
flame while oxygen/recycled flue gas combustion produced a remarkably small amount of NOx.  This is
mainly due to the decomposition of recycled NOx in the flame.  When the air combustion was carried
out with staging, the NOx produced was only 25% of the NOx produced in air combustion without
staging.  However, the reduction of NOx in the oxygen/recycled flue gas staged combustion was only

                                                
9 T. Kiga et al (Characteristics of pulverized-coal combustion in the system of oxygen/recycled flue gas combustion,
Proceedings of the Third International Conference on Carbon Dioxide Removal, Cambridge, MA, 9-11 September
1996)
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50%.  It is thought that the NOx recycled in the oxygen/recycle flue gas staging was not decomposed
because there is a lack of reducing components like hydrocarbons.

On the basis of the experimental results they simulated the performance of a 48 ft (14.5 m) deep by
108 ft (32.9 m) wide by 221ft (67.5 m) high furnace and concluded that oxygen combustion might
reduce the furnace size.

Equipment Cost of the Oxygen Supply Unit

Without considering the cost and performance benefits of factors discussed above, the equipment
cost of the oxygen production unit, which is the major piece of equipment required for switching from
the air-based combustion to the oxygen-based combustion, was estimated.  The oxygen production unit
is a cryogenic air separation system producing 98% pure oxygen gas.  The 300 MWe HIPPS plant uses
124,574 lb/h (57507 kg) coal.  To burn this much coal with 20% excess oxygen, 3,500 tons/day
(3,175 tonnes/day) 98% pure oxygen is required.  It was assumed that there will be two trains of air
separation units, each producing 1,750 ton/day (1,588 tonne/day) 98% pure oxygen.  Equipment cost
of the two air separation units is estimated to be $27.5 million.

Utilities Cost of the Oxygen Supply Unit

Again without trying to account for the cost and performance issues, an estimate of 745,000 kWh
per day was made for the electricity required to operate the two oxygen units.  For 300 operating days
per year and $.05 per kWh, the estimated cost is about $11.2 million per year.
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Comparison of Various CO2 Removal Processes

To review, seven processes are examined in this topical report.  Comparisons are made and
explained in the following pages.  Capital costs and other issues are shown in Exhibit 6-23.  The first six
processes in the exhibit remove CO2 from the flue gas; the seventh process produces flue gas which is
nearly pure CO2.  The first six processes are grouped for discussion first.  The oxygen combustion
process will be discussed last.

Exhibit 6-23
Comparison of CO2 Removal Processes

Process

Removal
Rate

%

CO2

Gas
Stream
Purity

%

Capital Cost

$ millions

State of

the CO2

Product

1 MEA Absorption 90 100 63 Gas

2 UCARSOL Absorption 90 100 61 Gas

3 TNO Membrane Gas Absorption 90 100 81 Gas

4 Permea Membrane 90 90 1,980 Gas

5 Cryogenic Cooling 90 100 158 Liquid

6 RITE Membrane 90 100 1,520 Liquid

7 Oxygen Combustion with CO2

Recycle
100 94 57 Gas

The capital costs based on earlier equipment cost data are very much order-of-magnitude estimates
with high potentials for changes when manufacturing economies of scale, detailed engineering, trade
studies and other work is applied to the estimates.

The exhibit shows the gas absorption processes (MEA-based and Ucarsol-based ), which have
been in commercial operation for several years, require the lowest capital cost; about $60 million.  The
TNO process based on membrane gas absorption and is near commercialization, is a close second in
capital cost.  The cryogenic separation capital cost is much higher, about $160 million.  The cryogenic
process examined in the study is not optimized, and there is room for cost reductions which might make
the cryogenic process promising from a capital cost aspect.

The two membrane processes (Permea and RITE) require high capital costs.  It is noted that
although the RITE process produces liquid CO2, the developers estimate a lower capital cost than for
the Permea process which produces gaseous CO2.  This may be due to the low pressure membrane
operation of the RITE process.
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CO2 Separation Costs – Cost per ton of CO2 Avoided and Cost of Electricity

Capital costs are only one of the criteria needed to evaluate CO2 separation systems.  The cost of
CO2 avoided by the installation of a separation system has become a quasi-industry standard to
compare technologies, and the resulting increase in the cost of electric power is a major issue for judging
commercial feasibility of the separation operation.  The International Energy Agency (IEA) published
several reports on its web page (http://www.ieagreen.org.uk/sr1p.htm) and compared costs per tonne
for CO2 avoided.  While there was not enough detail in the IEA material to be sure that an equivalent
comparison can be made with HIPPS, the writer feels that there was sufficient information that
considering the accuracy of IEA’s estimates and those of the study, a valid approximate comparison can
be made.

Exhibit 6-24 shows the data summarized from the IEA web material.  The IEA figures reflect fuel
costs of $2.50 per GJ for coal, and $3.50 per GJ for natural gas.  The calculations used a discounted
cash flow basis of 10% cost of money.  The exhibit data does not include costs for CO2 liquefaction,
transport nor disposal.
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Exhibit 6-24
IEA Comparison of CO2 Separation Technologies



6-47

IEA Plant Type and Data
PF + FGD GTCC IGCC

O2 with CO2

Recycle

Size (MWe) 500 465 503 500

SO2 % Reduction 90 not
required

99

Reference Power Cost (without CO2

separation, mills per kWh
49 35 53 78

Reference Plant Efficiency, lower heating
value basis

40 52 42 33

CO2 Separation Technologies:

Monoethanolamine (MEA) Absorption Data

MEA CO2 Captured 90% 85% 90% 99%

Cost CO2 Avoided $/tonne 1 35 55 87 16

Power Cost with MEA Mills per kWh 74 53 112 94

Pressure Swing Adsorption (PSA) Data

PSA CO2 Capture 95% 95% 95% 95%

Cost CO2 Avoided $/tonne 1 84 544 205 21

Power Cost with PSAMills per kWh 114 140 201 98

Membrane Data

Membrane CO2 Capture 80% 80% 80% 80%

Cost CO2 Avoided $/tonne 1 47 335 125 9

Power Cost with Membrane Mills per
kWh

83 125 129 90

Cryogenic Data

Cryogenic CO2 Capture na na 85% 85%

Cost CO2 Avoided $/tonne 1 na na 23 26

Power Cost with Cryogenics Mills per
kWh

na na 78 109

1. Cost per tonne of CO2 avoided is the difference between plants with and without CO2 removal,
including the performance penalty of reduced efficiency caused by power consumed in the CO2

separation and capture operation.
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MEA for Separation

Calculations for the HIPPS case with MEA for separation were made following the IEA
methodology as closely as the information permitted (Exhibits 6-25 and 6-25).  The calculations are
explained in relative detail for future reference, or review and revision should another method be
applied.

Exhibit 6-25
Basis for HIPPS Cost of CO2 Avoided

ITEM VALUE

Capacity MWe (net) 292.2

HIPPS Capital Cost 1,000s  $311,500

HIPPS O&M Including Fuels 1,000s  $65,145

HIPPS Power Production kWh/year 2.30E+09

HIPPS COE @ 10%, 20 years  $0.042

MEA Energy Requirement MWe 24

MEA  Capital Cost  1,000s  $62,800

MEA O&M  1,000s  $3,000

HIPPS Power Production kWh/year 2.11E+09

HIPPS COE @ 10%, 20 years  $0.051

CO2 avoided tons per year 1,073,200

CO2 avoided tonnes per year  975,600

The HIPPS plant capacity and power production without CO2 separation, and the capital and
O&M costs are from the HIPPS commercial plant conceptual design.  Power production is the product
of capacity times 365 days, 24 hours and a 0.9 factor for estimated on-line baseload operations.  The
HIPPS cost of electricity, COE, is the present value of the capital cost and O&M including fuel. The
cost number is divided by the present value of kWs produced to obtain 42 mills, or 4.2 cents per kWh.

The MEA energy requirement, capital and O&M costs are from data collected in the present study.
The COE for the HIPPS plant with MEA separation is calculated the same as for the reference plant
with the costs for MEA added, and the power production reduced by the energy requirements of the
MEA separation process.  The accounting for energy consumed by the absorption process is an issue
for the cost calculations:  The MEA process needs steam (heat) to release the CO2 and recycle the
absorbent.  To calculate the reduction of the power plant capacity caused by increased auxiliary power
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requirements, the steam was equated to electric power.  A detailed process investigation of the HIPPS
plant with MEA absorption might result in different impacts on the plant’s energy production.

Finally, the annual cost is calculated in the exhibit below as the product of the power produced and
the unit COE for the reference HIPPS plant and for one with MEA CO2 separation added.  The unit
cost for CO2 avoided is calculated by dividing the difference in costs by the amount of CO2 removed.
This amount is some 1.1 million tons per year (975 thousand tonnes per year), which is 90% of the
coal-fired furnace flue gas CO2 removed by the MEA process (including additions to the base case for
CO2 generated by the power consumed in the MEA system).  The gas turbine exhaust is too dilute to
be treated, and is released to the atmosphere.

Exhibit 6-26
Costs for CO2 Avoided

ITEM COST

Annualized Cost of Reference Plant  $97,262,000

Annualized Cost with MEA Added  $107,113,000

Cost per ton of CO2 avoided  $9.90

Cost per tonne of CO2 avoided  $10.90

The estimated unit cost of about $11 per tonne compares favorably with the IEA estimates.
However, any comparison should note that for HIPPS only the coal-based portion of the fossil fuel used
is treated, and thus, only about 70% of the total potential CO2 removal is accomplished.  If the HIPPS
plant design is used with higher efficiency cycles, the costs of CO2 separation are expected to be
reduced, but cost estimates have not been performed for advanced HIPPS and the degree of the
reduction is not presently known.

Oxygen Combustion Process

The oxygen combustion concept, differs from the other CO2 capture processes by instead of
removing CO2 from a flue gas, the concept produces a flue gas which is mostly CO2.  Therefore, it is
not the cost of the CO2 separation, but it is the cost of switching from air combustion to oxygen
combustion.  The delta capital cost (largely the installation of an air separation plant) of this process is
estimated at $57 million and the CO2 recovery cost as about $6 to $7 per ton of CO2 avoided.  The
estimate does not include any possible benefits from oxygen combustion to reduce the furnace size and
the heat exchangers sizes at the HIPPS commercial power plant.  The relatively low cost numbers, and
the potential for cost reduction by more detailed engineering make oxygen combustion (or enriched air
combustion) a strong candidate for future CO2 removal trade studies.  Also, use of oxygen for
combustion could allow removal of the CO2 generated by both natural gas and coal at the HIPPS plant.
For consistency with the MEA HIPPS removal case, only enough oxygen production is costed to
support the coal portion of the HIPPS  plant fuel consumption.
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Exhibits 6-27 and 6-28 show data for the oxygen combustion concept similar to the MEA process
case.

Exhibit 6-27
Basis for HIPPS Cost of CO2 Avoided

Oxygen Combustion Concept

ITEM VALUE

Capacity MWe (net) 292.2

HIPPS Capital Cost 1,000s $311,500

HIPPS O&M Including Fuels 1,000s $65,145

HIPPS Power Production kWh/year 2.30E+09

HIPPS COE @ 10%, 20 years $0.042

Oxygen Combustion Energy Requirement MWe 31

Oxygen Combustion Capital Cost  1,000s $56,700

Oxygen Combustion O&M  1,000s     $4,000

HIPPS Power Production kWh/year 2.06E+09

HIPPS COE @ 10%, 20 years $0.052

CO2 avoided tons per year 1,586,100

CO2 avoided tonnes per year 1,441,900

Exhibit 6-28
Costs for CO2 Avoided

Oxygen Combustion Concept

ITEM COST

Annualized Cost of Reference Plant  $97,262,000

Annualized Cost with Oxygen Combustion Added $107,205,000

Cost per ton of CO2 avoided  $6.30

Cost per tonne of CO2 avoided  $6.90
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Conclusions

The primary conclusions from the study are listed below.

⇒ There are several technologies that can remove CO2 from the HIPPS flue gas.  From the currently
available commercial processes, and those processes with near term potential for technical
feasibility, MEA absorption and oxygen combustion have the least impacts on cost of electricity,
and lowest costs per ton of CO2 captured.

⇒ Compared to conventional pulverized coal-fired power systems and IGCC, the HIPPS plant design
has relative advantages for CO2 separation because of its higher efficiency, and opportunity to
capture the CO2 concentrated in the coal-derived flue gas.

⇒ There are areas in the HIPPS design with CO2 capture (MEA absorption and oxygen combustion)
where optimization engineering could potentially lower costs.

⇒ To fully evaluate the impact of CO2 capture on HIPPS and other technologies, a more site specific
comparison with liquefaction of the CO2 gas, transportation and sequestration all included.

⇒ A detailed methodology for computing CO2 capture costs would be useful to the US DOE and
industry so that comparable figures can be calculated for different cases.

⇒ While the increases for the cost of electric power are substantial when CO2 capture is added to the
HIPPS plant, the higher cost does not appear prohibitive if environmental benefits can be proven by
the CO2 removal.  In addition to the approximately 20% increase of the cost of electricity from CO2

capture, there will be significant and very site specific costs for liquefaction, transport and
sequestration, which could easily double the COE increase

.
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Appendix A
CO2 Removal Literature

The following lists published sources and Internet web sites that were found/reviewed during the
study.  Extracts from some of the literature are presented to document issues especially relevant to the
HIPPS CO2 removal work.

− IEA Greenhouse Gas R&D Program Summary Reports posted at the web site:
http://www.ieagreen.org.uk/sr1p.htm.

− Proceedings of the Third International Conference on Carbon Dioxide Removal, Cambridge, MA
9-11 September 1996.

− Proceedings of the Advanced Coal-Based Power and Environmental Systems ’98 Conference,
Morgantown, July 21-23, 1998.

− Proceedings of The Fourth International Conference on Greenhouse Gas Control Technologies,
Interlaken, Switzerland, August 30 – September, 1998, were not available at the time of this
writing.

The following are extracts from articles in the above literature.

IEA Greenhouse Gas R&D Program, “Greenhouse Gas Emissions from Power Stations,” the first in a
series of public summaries of work, September 1998.  From the internet www site:
http://www.ieagreen.org.uk/sr1p.htm

This report has the following sections.

− Greenhouse Gases & Oxides of Nitrogen
− Greenhouse Gas Emissions from Pulverized Coal Power Plant
− Criteria for the Case Studies
− Greenhouse Gas Emissions from Natural Gas Fired Combined Cycle Power Plant
− Greenhouse Gas Emissions from Integrated Gasification Combined Cycle Power Plant
− Greenhouse Gas Emissions from Carbon Dioxide Recycle Power Plant
− Greenhouse Gas Emissions Comparison of the Power Plants

Greenhouse Gases & Oxides of Nitrogen

Global warming potential (GWP) is a concept which aims to measure the possible warming
effect of a gas relative to CO2.  It takes into account the energy absorption capacity of the gas and its
lifetime in the atmosphere.  GWP should thus always be quoted for a specific time period.  It is useful
for comparing the relative strengths of greenhouse gases on a molar basis.  [p. 1]

Coal derived CO2, is believed to contribute about 20% of the enhanced greenhouse effect.  It
has been estimated that global fossil fuel emission in 1989 and 1990 were 6.0 (± 0.5) gigatonnes of
carbon (GtC) in 1987.  To put these figures in perspective, the atmosphere contains about 750 GtC and
deforestation annually releases about 2 GtC to the atmosphere.  [p. 1]

The GWP of CH4 is 11 relative to CO2 over 100 years.



6-53

Nitrous oxide has a GWP 270 times that of CO2 over 100 years.  The emissions of  N2O from
stationary sources due to combustion of fossil fuels, is very small.  Soils are the main source of N2O
emissions.  [p. 1]

Criteria for Case Studies

The specifications that were given to the contractors performing the power generation case
studies are only outlined here.  It was important that each scheme used the same assumptions, so that
meaningful comparisons of the results could be made.  Contractors were asked to use state of the art
technology and state of the art emissions control.  Current European environmental legislation is
assumed.

The base case was a 500 MW (electricity sent out from the) power plant, with a 35 years
working life.  Costs are given in US dollars, nominally set at the first quarter of 1992.  The power plant
is assumed to be seawater cooled and located on the coast in Western Europe.  The ambient conditions
are 15°C, 1.013 bar, relative humidity 60% and the cooling water is available at 15°C.  The design fuel
is an Australian bituminous coal of 0.86% as-received sulfur content from the Drayton mine.  Plant
emissions are controlled to comply with current EEC Directives as a minimum.  Also, 90% removal of
SO2 is specified.

The analysis of the coal used is as given in the following table.

Comments on the table are:

1. Total of the Ultimate Analysis, Dry Ash-Free Basis, should be 100.0 but the table shows 87.0.

2. Asterisks mark the heating value entries in the table.  According to the top entry, low heating value
(LHV) of the coal is 25.85 MJ/kg which in the US units is 11,114 Btu/lb.  This value falls within the
range of the heating values of coal.  However, the heating value entries near the bottom of the table
are 7.06 and 5.85 MJ/kg (3,035 and 2,515 Btu/lb, respectively).  It is likely that these values are
typed incorrectly in the original article.  The correct values are probably 27.06 and 25.85 MJ/kg
(11,634 and 11,114 Btu/lb, respectively.
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Drayton Mine Coal Analysis

Moisture (in as received coal), %weight 9.5

Ash (in as received coal), %weight 1.2

Heating value (LHV), MJ/kg 25.85

Ultimate Analysis, Dry Ash-Free Basis

C, %weight 82.5

H, %weight 0.60

O, %weight 0.97

S, %weight 1.10

N, %weight 1.80

Cl, %weight 0.03

Total 87.00

Higher heating value (as received basis), MJ/kg 7.06

Lower heating value (as received basis), MJ/kg 5.85

Hardgrove index 45

Chlorine (as received basis), % weight 0.03

Greenhouse Gas Emissions from Pulverized Coal Power Plant

This was the base line study of four power generation plants selected to ensure a wide range of CO2

conditions in the exhaust/flue gas.  The plant is a seawater cooled, conventional pulverized coal-fired
steam plant with limestone/gypsum flue gas desulfurization.  The net power is 500 MW.

The boiler module provides steam for a condensing steam turbogenerator.  Flue gas from the boiler
module, (after particulate separation in electrostatic precipitators) is cooled, scrubbed in a flue gas
desulfurization unit, reheated and then sent to the stack.  The plant includes all the necessary auxiliary
power, water and waste treatment systems.  The boiler is a conventional drum type, utilizing natural
circulation.  NOx control is by combustion measures only.   The following table summarizes key results
discussed in the study overview.
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Summary of Key Results for a Fuel Cost of 2$/GJ

Plant

SO2

%

Removal
Size
MWe

Efficiency
%

Cost,
$/kW

CO2

Emissions
kg/MWh

Power Cost
mills/kWh

Subcritical 90 500 40 1060 830 49

Subcritical 95 500 40 1080 830 50

Subcritical 90 250 40 1300 830 59

Supercritical 90 500 40 1060 770 47

Most of this carbon dioxide shown in the above table comes from coal, although about 0.5% is
released by the limestone.

The capital cost of the reference plant has been estimated from the plant mass and energy flows and
a breakdown is given in the following table.
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Capital Cost of the Reference Plant

$ (million 1991)

Coal receiving and storage 24

Coal handling 3

Boiler plant 124

Electrostatic precipitators 24

Steam turbine generator 107

Cooling system 11

Water treatment and waste water plant 7

Electrical distribution 20

Controls and instrumentation 11

FGD plant 56

Miscellaneous (buildings, fire protection, fuel oil system,
support systems, mobile equipment, building services)

72

Total 458

Contingency 46

Total plant cost 504

Land clearance etc. 25

Total excluding interest during construction and
commissioning

529

Specific investment cost, $/kW 1,060

Breakdown of the generating costs for 90% sulfur removal in mills/kWh is as follows:

Electricity Generating Cost for 10% DCF

Item mills/kWh

Capital 21

Fixed operating 9

Variable operating 1

Fuel ($2.5/net GJ) 22

Total 53
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[p. 3]

Greenhouse Gas Emissions from Natural Gas Fired Combined Cycle Power Plant

The study considered North Sea natural gas being burnt in a modern combined cycle power station,
equipped with two gas turbines, two heat recovery steam generators and one steam turbine.  Steam is
generated at two pressure levels.  The composition of the fuel gas is shown below.

Fuel Gas Composition of a Typical North Sea Brent Natural Gas

Component Symbol Volume %

Nitrogen N2 0.9

Carbon dioxide CO2 0.7

Methane CH4 82.0

Ethane C2H6 9.4

Propane C3H8 4.7

Butane C4H10 1.6

Pentane + C5H12 + 0.7

The design plant performance is given in the following table.  This table shows that net efficiency of
the GTCC power plant is 52% (LHV basis).

Plant Energy Balance

Item MW

Gas turbines 294

Steam turbine 177

Plant total, gross 470

Boiler feed pump -2

Cooling water pump -1

Auxiliaries -2

Plant total, net 465

Fuel LHV input 894

Net efficiency, % 52



6-58

The CO2 emissions are about 400 kg/MWh.  The high excess air levels necessary for gas fired
turbines result in a low concentration of CO2 in the exhaust gas and a high mass flow rate per unit of
power generated (2 kg s/MW compared to a value of 1 kg/s/MW for the equivalent coal fired unit).

[p. 1, 2  The above units are documented as they are in the report.  But they seem incorrect.  To
find the correct units:  The above table shows a fuel LHV input of 894 MW.  Assuming a coal HHV of
11,000 Btu/lb containing 70% carbon, the CO2 emission is 322,840 kg/h.  This corresponds to 360
kg/h/MW input.  Then the article figure of 400 kg MWh is perhaps 400 kg/h/MW.  Therefore, units for
the other figure are kg/s/MW.]

The cost of a turnkey combined cycle power plant varies from case to case, but the specific cost is
in the range 400-600 $/kW.  The IEA study used 600 $/kW.  Typical cost distribution for a turnkey
combined cycle power plant consisting of 2 gas turbines, 2 HRSGs and one steam turbine is as follows:

Typical Cost Distribution for a Turnkey
Combined Cycle Power plant

(2 GTs + 2 HRSGs + 1 ST)

Item %

Gas turbine auxiliary equipment 26

HRSG + piping + auxiliary equipment 17

Steam turbine + generator + piping + condenser 21

Electric and supervisory equipment + transformer 12

Civil engineering 6

Erection + supervision 18

Total 100

With a real rate of return equal to 10%, cost of electrical power before adding the fuel cost is 15
mills/kWh, as shown in the following table.

Cost of Electrical Power Before Adding the Fuel Cost
(@ Real Rate of Return of 10%)

Cost Item Mills/kWh

Total capital investment 10

Taxation and insurance 1

Maintenance 1

Labor cost – administration 1
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Power cost without fuel cost 15

The power cost is in the range of 25-45 mills/kWh if a typical fuel cost (natural gas) of 10-18
cents/Sm3 is used.

Greenhouse Gas Emissions from Integrated Gasification Combined Cycle Power Plant

This plant consist of a Texaco based IGCC power plant with integration of the air separation unit.
The 500 MW IGCC power plant involves two Texaco gasification trains, processing about 4000 t/d of
coal, and is integrated with a power block incorporating two Siemens V94.2 gas turbines, one heat
recovery steam generation section, one set of steam turbines and an elevated pressure air separation
unit.

The overall mass balance is summarized in the following table.

Mass Balance of the Texaco Based IGCC Power Plant

Input Kg/s Output Kg/s

Coal 47 Stack gas 1028

Water (in coal slurry) 18 Waste water 26

Air 990 To sulfur recovery 4

Water (venturi scrubber) 10 ASU condensate 1

Ash 5

Total input 1065 Total output 1065

A coal slurry is fed to the gasifiers with oxygen and raw fuel gas is produced.  Ash is removed from
the raw coal gas.  Fresh water is mixed with condensate in the gas cleaning section and fed to the
venturi scrubber, resulting in waste water.

In the Selexol unit, a mixture of H2S/CO2 is removed and treated in the sulfur recovery unit.  After
the gas cleaning section, clean fuel gas flows through the expanders to the gas turbine section.  In the air
compressor of the gas turbine section, cold air is compressed from which some is sent to the air
separation unit and the bulk sent to the combustion chamber of the gas turbine.   The nitrogen product
from the air separation unit is admixed for NOx control and to increase the power output.  The total
amount of flue gas is 1030 kg/s.  [p. 1]

The waste heat recovered from the gasifier is combined with the HRSG steam and sent to steam
turbines.  The net output of the steam turbines is 272 MW.

An overview of the power balance is given in the following table which shows that the net plant
efficiency is about 42%.  [p. 1]
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Power Balance of the Texaco Based IGCC Power Plant

Input Output

Coal, MW 1206 Expander, MW 10

Gas turbine, MW 289

Steam turbine, MW 272

Gross output, MW 571

Plant consumption, MW 68

Net output, MW 503

Net efficiency, % 42

As the ASU is responsible for 60% of the ancillary power consumption, the overall power plant
efficiency will be sensitive to for further improvements in the air separation plant efficiency.

New gas turbine combine cycle can operate on clean fuel at 50 to 52% (LHV).  Today gasification
processes operate with gasification efficiencies from 75 to 92% (based on LHV).   [p. 2]

The CO2 emission is 790 g/kWh.  The main CO2 emission source (97%) in an IGCC power plant is
the stack , emitting the cooled exhaust gas of the gas turbines.  The remaining 3% is emitted by the acid
gas removal plant.  [p. 3]

The gasification processes integrated in IGCC power plant systems are operating at elevated
pressures, favoring the recovery of CO2 by means of physical absorbents like Selexol or Purisol and by
membranes.  The recovered CO2 can be delivered at higher pressure resulting in lower energy demand
for the compression of CO2 for disposal.

To recover CO2 from coal gas, the IGCC power plant has to be extended with shift reactors and a
CO2 recovery or removal unit.  However, the requirements for the shift reduce the overall efficiency of
the system.

When 90% of the CO in the coal gas is shifted (in two steps and with 50% excess steam), the CO2

concentration will rise to approximately 34 mol% in the wet coal gas (40% in the dry coal gas).  The
total investment costs of this shift section will be about $30 million and the annual catalysts costs about
$1 million.   [p. 3]

The power production costs for a 500 MW IGCC power plant is summarized in the following table.
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Investments of a Texaco Based, 500 MWe,
State of the Art IGCC Power Plant

Gasification $Million

Coal treatment 19

Gasifier/sulfur cooler 108

Syngas purifying/sulfur recovery 68

Waste water treatment 10

Oxygen production 88

Combined cycle:

Gas turbines 86

HRSG/steam turbines 127

Storage/transport 32

Support systems 37

Common supplies 65

Bare costs (BC) 640

Engineering, procurement, etc. (5% BC) 32

Capital investment (CI) 672

Fees (2% of CI) 13

Land purchase, site preparation (5% of CI) 34

Contingencies (10% of CI) 67

Total plant cost (TPC) 786

Allowance for funds during construction 177

Total capital requirement (TCR) 963

Total capital requirement ($/kW net) 1910

Power production costs for a real rate of return at 10% is 59 mills/kWh as shown in the following
table.   [p. 3, 4]
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Power Production Cost for a 500 MWe,
Texaco Based IGCC Power Plant

(@ a 10% Rate of Return)

Fuel costs, million $/year 87.4

O and M costs, million $/year 41.6

Capital costs, million $/year 90.3

Total costs, million $/year 219.3

Net production, GWh/year 3747

Power costs, mills/kWh 59

Greenhouse Gas Emissions from Carbon Dioxide Recycle Power Plant

This study characterizes power generation in a coal combustion plant fed by oxygen and using
recycled carbon dioxide as the means of temperature control.  The base case is atmospheric PF
combustion in oxygen.  It is based on speculative long term technology rather than existing or medium
term technology.

From storage, the coal is pulverized and transferred in a mixture of recycled flue gases and  oxygen
to low NOx burners.  Some of the unburned coal and ash is removed from the base of the furnace, and
the rest of the ash is carried forward with the hot gases and removed in the electrostatic precipitators
(ESP).  Before reaching the ESP these hot gases are cooled, then partially recycled back to the furnace,
with any excess being exhausted to the atmosphere.   The volume of the flue gases recycled back to the
furnace is adjusted to maintain the boiler conditions.  Oxygen from a cryogenic plant air separation unit
is added to maintain normal excess oxygen levels.  The steam from the superheater tubes goes to the
steam turbine.  [p. 1]

The base case plant operating a recycled CO2 system has a design efficiency of 33%(LHV)
compared to the base case (PF + FGD) efficiency for the study of 40%.  A study based on a
supercritical plant with SCR, reports that the adoption of CO2 recycle reduces an initial plant efficiency
of 39% to 31% (HHV).  It has been calculated that fitting CO2 recycle to an existing 500 MW unit
would reduce the plant efficiency from 38% to 27% (LHV).  In both cases the CO2 is produced as a
pure liquid suitable for pipeline disposal.

Results of the mass and energy balance calculations are summarized in the following table and are
given together with the corresponding results for the standard air fired PF coal fired combustor.
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Mass and Energy Balance Summary

Item Air Fired O2/CO2

Fired

Pressure in combustor, bar abs. 1 1

Heat input (MW, LHV) 1260 1524

Electricity generated, MW 522 654

Ancillary Consumption:

O2 Separation, MW 0 126

Coal/ash system, MW 3 3

Fans/compressors, MW 3 3

Condensate pumps, MW 12 15

Cooling water, MW 22 154

Overall results:

Net electricity, MW 500 500

Overall efficiency, % 40 33

CO2 emission, kg/kWh 1 1

NOx, g/kWh 1 1

SOx, g/kWh

The efficiency of the oxygen fired system is improved due to the recycling of hot flue gases back to
the combustion chamber.  In the air fired system these hot gases are used to preheat the combustion air.
The flue gas analysis is summarized in the following table.
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Flue Gas Analysis

Item Air O2/CO2

Pressure, bar abs. 1 1

Temperature, °C 132 166

Density, kg/m3 1 1

Flow rate, kg/s 552 178

Dew point, °C

Flue Gas Composition , Mol%:

Argon

CO2 14 63

H2O 8 32

N2 74 0.6

O2 3 4.5

SOx 0.07 0.3

The table shows that the CO2 content of the flue gas has increased from 14 to 63 mol%, with the
majority of the remaining flue gas being water vapor at 32 mol%.  The total flow of flue gas has
decreased from 550 to 180 kg/s, and the high moisture content of the flue gas has increased the flue gas
dew point from 50 to 80°C.  Subsequent downstream processing of the flue gas, especially if it involves
cooling and compression, will mean that most of the SOx together with some of the CO2 will be
dissolved in the condensed water phase.  Special consideration of the materials of construction of this
downstream processing will be required.

Although referred to for convenience as stack gas, following downstream recovery of CO2 and
condensation of the water, the gases that will actually be vented to the stack are minimal.

Although there are high levels of nitrogen and sulfur oxides in the flue gas, they are not comparable
to the results of previous studies because there are no clean-up facilities.  It has been suggested that the
high levels of NOx in the recycled gas lead to a reduction in the net quantity of NOx produced.

A beneficial feature of this concept is the small volume of gas that needs to be treated to
recover/condition the CO2.  The mass flow rate of purged gas requiring further processing is less than
0.4 kg/s/MW compared to three times this number for the PF case studied earlier and twice this again
for the gas fired case.  [p. 3]

The capital cost and operating cost factors used are considered to be study estimates.  A summary
of these capital costs are given in the following table.



6-65

Summary of Cost

Item Million $

Solids handling 72

Boiler house 255

Steam and condensate system 55

Steam turbines and generators 213

Cryogenic air separation unit 290

Cooling water system 22

Total system cost 907

The break even electricity generation cost is 83 mills/kWh for a plant size of 500 MW.  The specific
capital cost of  the CO2 recycle power plant is 2040 $/kW which is significantly greater than the figures
quoted for the other power generation technologies.

Including CO2 liquefaction, IGCC based technology is quoted as having overall efficiencies in the
30-33% (LHV) region.  If O2/CO2 recycle in conjunction with supercritical steam plant can reach
efficiencies such as this, it could well be attractive for new plants as well as retrofit situations. [p. 4]

Greenhouse Gas Emissions Comparison of the Power Plants

Results from the four power generation options studied are compared with each other and with
alternative power generation schemes.

Generating Efficiency

The efficiency of  PF + FGD systems is generally quoted as being limited to about 45%.
Efficiencies of up to 50% could be achieved depending upon the extent to which better steels enable
steam temperatures and pressures to be increased and steam turbines to be improved.  The study
evaluated the PF + FGD system at 40%, the NGCC at 52%, IGCC at 42% and CO2 recycle at 33%.

CO2 Emissions

In the absence of any recovery, the amount of CO2 released for a given fuels inversely proportional
to the process efficiency.  The following table illustrates the CO2 emissions for each of the base cases
examined and shows the range obtained with each option.  As can be seen, the natural gas fired option
produces significantly less CO2 per unit of power generated, than the coal fired options.  The coal fired
options show a considerable range of CO2 emissions as a result of significant variations in the efficiency
of power generation.  The results illustrate the often suggested ‘fuel substitution’ argument; that use of a
fuel with a low carbon to hydrogen ratio, significantly reduces the emissions of CO2.
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Flue Gas Data

PF + FGD GTCC IGCC CO2

Recycle

CO2 in flue gas, kg/s 115 52 108 139

CO2 in flue gas, kg/s MW 0.23 0.11 0.21 0.28

CO2 in the Flue Gas

The composition of the flue gas leaving  the power generation section of the plant, could have a
significant effect on the ease and hence the cost of recovering CO2.  The higher the partial pressure, the
easier it will be to recover CO2.  Other constituents of the gas stream act as diluent and/or interfere with
the recovery method which increases the cost.  The total quantity of the gas stream to be treated directly
effects the size of the downstream processing plant required.  As can be seen from the following table,
the two process technologies which rely on gas turbine combustion, result in considerably more gas
requiring treatment than the steam cycle based processes.  This is because of the high excess air levels in
gas turbines necessary to control their inlet temperature.  (NOTE:  This study recycled CO2 in the PC
boiler only.  CO2 was not recycled in gas turbine.  Can a gas turbine also use recycled CO2?  The CO2

recycle to gas turbine will reduce the mass feed to the gas considerably.  It might change turbine to a
very different machine.)

Flue Gas Data

Items PF + FGD GTCC IGCC CO2 Recycle

Flue gas flow rate, kg/s 607 1007 1028 178

Flue gas flow rate, kg/s MW 1.2 2.2 2.0 0.4

CO2 in flue gas, volume % wet 13 3 7 63

CO2 in flue gas, volume % dry 14 4 7 91

Although the standard 500 MW GTCC produces about half the CO2 of the PF and IGCC
alternatives, it is only at a very low concentration in a relatively large gas stream.

This means that the gas will be costly to handle and the CO2 difficult to recover.  The potential
advantage of recirculating CO2 can be seen clearly; at 91% (vol. dry) CO2 content, the CO2 does not
require further recovery as such and the processing equipment is determined by the level of impurities
that can be tolerated in an impure CO2 gas for disposal.
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Related Articles

The following articles appeared in Proceedings of the Third International Conference on
Carbon Dioxide Removal, Cambridge, MA 9-11 Sep. 1996.

♦ Miesen, Axel and Xiaoshan Shuai, “Research and Development Issues in CO2

Capture,”  p. S37.  (The authors are from The University of British Columbia, Canada.)

The article reviews the principal CO2 capture technologies and then makes recommendations for
future R&D to make those technologies more suitable for CO2 capture from single point sources.
Following are the notes from the article:

Introduction:  The role of CO2 in global warming is one of the most important contemporary
environmental issues and it is therefore necessary to have available technology which minimizes the
discharge of CO2 into the atmosphere.  Amongst the anthropogenic sources of CO2, electric power
stations utilizing fossil fuels, petroleum refineries, natural gas plants and certain chemical plants are the
largest single-point sources of CO2 and therefore deserve particular attention.  In the aforementioned
cases, the CO2 is discharged into the atmosphere in the form of mixtures with other constituents
(principally N2, H2O, O2, CO, SOx, NOx and/or particulate) near atmospheric pressure and at elevated
temperatures (typically above 100°C).

Absorption Processes.  Chemical and/or physical absorption processes are widely used in the
petroleum, natural gas and chemical industries for the separation (capture) of CO2.  Chemical
absorption is based on reactions between CO2 and one or more basic absorbents such as aqueous
solutions of mono-, di-, or tri-ethanol amines, diisopropanol amine, sodium hydroxide, sodium
carbonate and potassium carbonate.  Typical physical solvents are methanol, N-methyl-2-pyrrolidone,
polyethylene glycol dimethylether, propylene carbonate and sulfolane.

A favorable characteristic of absorption is that, with the choice of proper absorbents, the absorption
can be reversed by sending the CO2-rich absorbent to a desorber (or stripper) where the pressure is
reduced and/or the temperature is raised.  The regenerated absorbent is then returned to the absorption
tower thereby creating a fully continuous process.

There are presently only two major industrial installations in which CO2 is captured by means of
chemical solvents; they are the ABB Lummus Crest (1995) design based on aqueous
monoethanolamine (MEA) solutions at Torna (California) and Shady Point (Oklahoma).  The plants are
claimed to be working well but given their limited number and the purity of the flue gases, absorption is
not yet well proven technology for the capture of CO2 from the flue gases.

Adsorption Processes.  Adsorption processes are based on intermolecular forces between gases
(including CO2) and the surfaces of certain solid materials (such as molecular sieves and activated
carbon).  The adsorbents are normally arranged as packed beds of spherical particles.  In pressure
swing adsorption (PSA), the gas mixture flows through the beds at elevated pressures and low
temperatures until the adsorption of the desired constituent approaches equilibrium conditions at the bed
exit.  The beds are then regenerated by stopping the flow of the feed mixture, reducing the pressure and
elutriating the adsorbed constituents with a gas having a low adsorptivity.  Once regenerated, the beds
are ready for another adsorption cycle.  By contrast, in temperature swing adsorption (TSA), the
adsorbents are regenerated by raising their temperature utilizing a hot inert gas or external heating.
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Riemer and Webster found that PSA was superior to TSA in all cases due to the high energy
requirements and low speed of regeneration in TSA.

Adsorption is not yet a highly attractive approach for CO2 removal in the large scale industrial
treatment of flue gases because the capacity and CO2 selectivity of available adsorbents is low.

Gas Separation Membranes.  Gas separation membranes are solids and operate on the principle
that their porous structure permits the preferential permeation of mixture constituents.  The main design
and operational parameters are their selectivity and permeability.  Membrane separation of CO2 from
light hydrocarbons has met with success in the petroleum, natural gas and chemical industries because of
the inherent simplicity resulting from steady state operation, absence of moving parts and modular
construction.  The CO2 bearing gas mixture is introduced at elevated pressure into the membrane
separator consisting typically of a large number of hollow cylindrical membranes arranged in parallel.
The CO2 passes preferentially through the membranes and is recovered at reduced pressure on the shell
side of the separator.

Gas separation membranes have thus far not been widely explored for CO2 capture from flue gases
due to the comparatively high mixture flows and the need for flue gas pressurization.   Feron et al.
Found in their exploratory study that a two-stage system was needed to achieve good separation and
that the costs were double those of conventional amine separation processes.  The principal cost
component was compression energy.

Gas Absorption Membranes.  Gas absorption membranes consist of microporous solid
membranes in contact with a liquid absorbent.  The gas component to be separated diffuses through the
solid membrane and is then absorbed into and removed by the liquid absorbent.  This arrangement
results in independent control of gas and liquid flows and minimization of entertainment, flooding,
channeling and foaming.  The equipment also tends to be more compact than conventional membrane
separators.  Feron et al. And Nishikawa et al. Considered gas absorption membranes for CO2 capture
from flue gases and found them to be promising but still requiring considerably more research.

Cryogenic Processes.  Cryogenic separation of gas mixtures involves compressing and cooling the
gas mixtures in several stages to induce phase changes in CO2 and, in the case of flue gases, invariably
other mixture components.  Depending on the operating conditions (the CO2 critical temperature and
triple point are 31.1 and 56.6°C, respectively), the CO2 may arise as a solid or liquid together with
other components from which it may be distilled.  Water vapor in the CO2 feed mixture leads to the
potential formation of solid CO2 clathrates and ice which, together with solid CO2 particles, can result in
major plugging problems.

The basic advantage of cryogenic processes is that, provided the CO2 feed is properly conditioned,
high recovery of CO2 and other feed constituents is possible.  However, cryogenic processes are
inherently energy intensive.

CO2/O2 Combustion.  The use of oxygen significantly improves the combustion of fossil fuels,
because it leads to higher combustion rates, higher combustion temperatures and therefore thermal
efficiencies, lower thermal NOx formation and smaller combustion equipment since atmospheric nitrogen
is absent or reduced.  [I doubt about the higher thermal efficiencies and lower thermal NOx formation.
Are these claims factual? Or just an opinion?]  To moderate the combustion temperatures, part of the
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product gases which are rich in CO2 can be recycled.  Depending on the composition of the fuel and the
ultimate disposition of the CO2, the product gases may need to undergo further treatment including
particulate, SOx and NOx removal (Nakayama et al. 1992).  In the case of pulverized coal combustion,
drying of the recycle gas was also found to be a major consideration.

An important inherent disadvantage of the CO2/O2 combustion is the need for oxygen which is still
relatively expensive to produce from air.  It has been estimated (USDOE, 1993) that 20% of the net
electric power output of a conventional fossil fuel power plant would be needed for the production of
oxygen.

♦ Pruschek, R., “CO2 Abatement Investigations Under the Framework Program of the
RTD Policy of the EU, in Particular Under the Joule II Program (1993 to 1995),”   p.
S43.  (The author is from the University of Essen, Germany.)

This article describes the Joule II program “Minimum emission power production from fossil fuel
sources”.  The results will be published when they become available.

♦ Leci, Colin L, “Development Requirements for Absorption Processes for Effective
CO2 Capture from Power Plants,”   p. S45.  (The author is from ICEL Developments Ltd.,
UK.)

This article describes a sensitivity analysis to identify the key parameters for the major development
requirements of current commercial absorption technology for CO2 capture from flue gases based on
the MEA solvent.  This analysis utilized the identical economic models derived for the earlier reported
studies for the overall plant export capacity of 500 MW.  It focused on the impact of reducing the MEA
solvent circulation rate by increasing the solvent concentration.

The article concluded that the most significant area for future R&D for solvent absorption process
for effective CO2 capture from conventional pulverized fuel power stations is that of the development of
a solvent which can be used at flue gas low operating pressures at high solution concentration.  The
significant being twofold in that not only are the utility requirements for such a stand alone plant
considerably reduced, but more significant, is that the parasitic demands made on the power plant in
terms of both power and steam by the former is drastically reduced.

♦ Chakma, Amit, “CO2 Capture Processes, Opportunities for Improved Energy
Efficiencies,” p. S51.  (The author is from University of Regina, Canada.)

In this article suggestions are made to reduce the energy requirements for the conventional MEA
based technologies for the capture of CO2.  The suggestions include the use of a pre-contactor,
injection of external steam and use of mixed solvents.  The author estimated that the combined effect of
these options can reduce the regeneration energy requirement by 30% compared to the conventional
MEA process.

♦ Tomio Mimura, Hidenobu Simayoshi, Taiichiro, Masaki Iijima and Sigieki Mituoka,
“Development of Energy Saving Technology for Flue Gas Carbon Dioxide recovery in
Power Plant by Chemical Absorption Method and Steam System,”   p. S57.  (The
authors are from MHI and Kansai Electric Power Co., Japan)
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The main theme of the chemical absorption method is reduction of its high regeneration energy
requirement.  The regeneration energy required for CO2 recovery by MEA is about 900 kcal/kg-CO2,
which is equivalent to about 20% of the boiler combustion energy of the thermal power plant.

With the aim of developing energy efficient absorbent which is essential for the power plant CO2

recovery, laboratory screening tests were made which focused on the sterically hindered amine (SHA).
After testing 80 alkanolamine specimens in laboratory, they selected the promising sterically hindered
amine and subjected them to bench-scale tests.  Subsequently performance tests have been carried by
many utility companies in Japan from April 1995 in a pilot plant showed excellent characteristics of KS-
1.  Compared with MEA, KS-1 requires approximately 20% less energy to recover CO2.

After the development of KS-1, KS-2 was developed and had its performance confirmed.  KS-2
has a higher degree of steric hindrance than that of KS-1, therefore it should require less regeneration
energy than that required for KS-1.  The pilot plant tests for KS-2 showed that the regeneration energy
of KS-2 is about 700 kcal/kg-CO2 recovered which is about 20% less than MEA solution.  This figure
is almost same as that of KS-1 absorbent.  However, the regeneration temperature of the KS-2
absorbent is lower therefore steam required for regeneration is extracted at a lower pressure.  This gives
a loss of power plant output about 5 to 6 percentage points only.

♦ Arashi, N., Naoki Oda, Mutsuo Yamada, “Evaluation of Test results of 1000 m3N/h
Pilot Plant for CO2 Absorption Using an Amine-Based Solution,”   p. S63.  (The authors
are from Hitachi Ltd. and Babcock Hitachi, Japan.)

CO2 recovery plants in which alcanole amine is used as an absorption solution are already being
used at some thermal power stations (Clair et al., 1983, Kaplan, 1982).  A problem has been,
however, the deterioration of absorbent by SO2 in the flue gas (Barchas et al., 1992).  Subsequently,
Tokyo Electric Power Company and Hitachi Ltd. developed an amine based absorption solution which
is not affected by SO2 (Yamada et al., 1996).

The 1000 m3N/h (620 SCFM) pilot plant tests in which this new absorption solution was used were
carried out at the Yokosuka Thermal Power Station of Tokyo Electric Power Company.  The
objectives of these pilot plant tests were to prove the applicability of the new absorption solution to SO2

containing flue and to obtain the engineering data needed for design work.  The test data showed that
the solution is sufficiently SO2 durable and saves energy.

In these pilot plant tests the flue gas was taken from a 265 MW power plant which used coal oil
mixture (COM) as the fuel.  The gas is previously cooled to 40°C to decrease its moisture content
before being introduced into the absorber.  The absorber contains a ring shaped stainless steel packing
(1 inch in diameter).  In the absorber, CO2 in the flue gas is absorbed by the solution at temperatures
between 40 and 50°C.  CO2 loaded solution is then extracted from the bottom of the absorber and
transferred to the regenerator through a heat exchanger in which the solution temperature is raised to
100 and 110°C.  In the regenerator, the solution contacts with steam which comes from the reboiler
and CO2 is stripped from the solution.

Based on the data from the pilot plant, the authors prepared a conceptual deign of the CO2

recovery plant for a 1000 MW coal fired power plant.   The design required eight pairs of absorbers
and regenerators.  Each absorber was equipped with a booster blower, and each regenerator with a
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pump.  Two pairs of absorbers and regenerators had one heat exchanger.  The footprint of the plant
was found to be 170 m by 110 m.

[The article includes a flowsheet of the pilot plant and a layout for the 1,000 MW CO2 recovery
plant.  These figures are not copied in these notes.]

♦ Buzek, J., J. Podkanski, K. Warmuzinski, “The Enhancement of the Rate of
Absorption of CO2 in Amine Solutions due to the Marangoni Effect,”   p. S69.  (The
authors are from Academy of Sciences, Poland.)

The experimental and theoretical results described in this paper concern the liquid surface
instabilities (cellular convection) during gas absorption in liquids accompanied by a chemical reaction.
Surface instability, if it does occur, can increase mass transfer rates during gas chemisorption in liquids
by a factor of two and more (for liquid-liquid systems, a factor as high as 75 is reported).

The investigation of these authors were focused on the practically important mechanism inducing the
surface instability during gas chemisorption in liquids – the so called Marangoni instability (MI): the
concentration disturbances on the interface affect the local values of surface tension, which may, in turn
produce instability.

The authors studied CO2–amines (MEA, DEA) system theoretically and experimentally.  They
found that the occurrence of MI during the absorption of CO2 in MEA and DEA solutions.  MI can
enhance significantly mass transfer rate (by 100% in certain parts of  the absorption column), but it can
easily be dampened by a surface active agent.  Therefore the authors recommended that amine solutions
used for absorption should not be contaminated by even traces of surfactants.

♦ Aroonwilas, Adisorn and Paitoon Tontiwachwuthikul, “Mass Transfer Studies of High
Performance Structured Packing for CO2 Separation Processes,”   p. S75.  (The authors
are from University of Regina, Canada.)

Of the hindered amines, 2-amino-2-methyl-propanol (AMP) is the most promising solvent because
it has some excellent characteristics compared with the primary amine MEA.  On the basis of
stoichiometry, AMP can react with CO2 at a theoretical ratio of one mole CO2 per mole of amine.  This
becomes a superior characteristic of the hindered amine to the conventional MEA whose each mole can
react with only one-half mole of CO2.  Besides its outstanding absorption capacity, AMP also induces
less corrosion which is considered the major operational problem in the conventional CO2 absorption
plants.

The replacement of the conventional alkanolamine MEA with the hindered amine AMP is very
attractive, however, one limitation for use of AMP is that its absorption rate is lower than that of MEA.
To make the replacement feasible, the rate of CO2 absorption into the AMP solution must be improved.
Therefore the primary objective of this article was to investigate the role of a high-efficiency structured
packing in improving of CO2 absorption process.  The authors evaluated the performance of the
structured packing by absorption CO2 into sodium hydroxide solutions and into AMP solutions.  They
found that in the CO2-NaOH system, the structured packing (EX type) provides an overall mass
transfer coefficient which is higher than the coefficient for random packing by a factor of 10 to 33.  In
the CO2-AMP system, the structured packing shows at least 6 fold superior performance to random
packing (1/2” Berl Saddles).
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♦ Falk-Pedersen, O., and H. Dannstrom, “Separation of Carbon Dioxide from Offshore
Gas Turbine Exhaust,”   p. S81.  (The authors are from Kavaerner Water Systems,
Norway.)

In 1989 the Norwegian Government initiated the objective that the total CO2 emission in Norway
will be established at the 1989 level in the year 2000.  This led to the introduction of the CO2-tax in
1991.  The total CO2-tax paid by the Norwegian oil companies is assumed to be US$ 369 – 382
million in 1996, which is equal to a53 US$/tonne generated CO2.

In 1992, Kvaerner Engineering initiated a joint effort program for CO2 separation between major
North Sea operators and the Norwegian authorities.  The study is at present in phase four and will be
finished in November 1996.

The main target of the study is to optimize the process with respect to size, weight and cost.  (Size
and weight are important because the 21 MW power plant based on LM2500 PE gas turbine is to be
located on an offshore platform.)  The development work focused on the absorption unit, the desorption
unit and the total process.

The optimization study found that combined cycle with 40% recycling of exhaust is the best power
generation system of the options investigated in connection with the removal of CO2 on offshore
installations.  Both General electric and Rolls Royce have in general agreed that the recycle ratio (40%)
will not significantly influence gas turbine performance, though detailed testing is necessary to verify this.

The optimization study investigated use of several membranes gas/liquid contactor for use as
absorber.  The membranes examined were polypropylene, polyether sulphone, silicon rubber and
GORE-TEX ePTFE.  Of these materials, GORE-TEX ePTFE was selected because of their high mass
transfer coefficient, chemical stability and not getting wet by the absorption liquid.  Also their modules
have good mechanical stability and low production cost.  This resulted in 72% reduction in size and
66% reduction in weight compared with a conventional absorption column.

In order to further minimize space and weight, membrane gas/liquid contactor based desorber was
selected which was also made of GORE-TEX ePTFE.

It was concluded that that the economic feasibility of the project seems promising.

♦ Chan, Christine and Patrick Lau, “Implementations of Advisory System for the
Solvent Selection of Carbon Dioxide Removal Processes,”   p. S87.  (The authors are
from University of Regina, Canada.)

This article describes the solvent selection advisory system (SSAS) which is a decision support
system for aiding users in the preliminary selection of optimal solvents for carbon dioxide removal
processes given different user specification and plant conditions.  This article is not relevant to our needs
of the present study.

♦ Feron, P.H.M. and A.E. Jansen, “The Production of Carbon Dioxide from Flue Gas by
Membrane Gas Absorption,”  p. S93.  (The authors are from TNO-Institute of
Environmental Sciences, The Netherlands.)
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This article is about the use of absorption liquids which are used with membranes.  The authors are
of the view that a stable membrane gas absorption system cannot be achieved with the combination of
commercially available polyolefin membranes and the usual absorption liquid, monoethanolamine
(MEA).  TNO Institute has come up with a range of liquids which show stable operation with
commercially available polyolefin membranes.  These liquids named CORAL (CO2 Removal
Absorption Liquid), are suitable for carbon dioxide recovery from flue gas but also from other gas
streams such as biogas and natural gas.  From this range of liquids a number of liquids have been
selected and assessed for CO2–removal.  This selection has been based on the measurement of the
mass transfer coefficient as this determines the size of the equipment and hence the investment costs.
The authors claim that CORAL has the following advantage over the MEA solution:  CORAL is oxygen
resistant to air while MEA solution is degraded when exposed to air.  CORAL is less corrosive than
MEA, therefore CORAL handling equipment can be made of carbon steel.

♦ Burchell, Timothy D. and Roddie R. Judkins, “A Novel Carbon Fiber Based Material
and Separation Technology,”   p. S99.  (The authors are from Oak ridge National
Laboratory, USA.)

This article describes the preparation of a new carbon based material that can be used for absorbing
CO2 from CH4.   The article also gives data on the material but does not say what or how much
advantage this new adsorbing material has over the existing materials used for the same purpose.

♦ Sarkar, S.C. and A. Bose, “Role of Activated Carbon in Carbon Dioxide Removal,”
p. S105.  (The authors are from Jadavpur University, India.)

This article describes development of activated carbon from coconut shell for the purpose of
adsorbing CO2 from air/CH4/CO2 mixture and then desorbing it by PSA.  The preliminary data
reported in the article shows that purity of CO2 in the adsorbed gases was about 57%.  The data on the
desorbed gas composition is not reported n the article.

♦ Tokuda, Y., E. Fujisawa, N. Okabayashi, N. Matsumiya, K. Takagi, H. Mano, K.
Haraya and M. Sato, “Development of Hollow Fiber Membranes for CO2 Separation,”
p. S111.  (The authors are from National Institute of Materials and Chemical Research, Japan.)

The authors are developing hollow membranes for the separation of CO2 from the CO2/N2 mixture.
They have developed polymers using different kinds of Cardo polyimides.  They have also developed
method for making hollow fiber membranes from these polyimides based polymers.  These membranes
have high selectivity for CO2.  Their computer simulation results show that 80 to 90% CO2 purity is
achieved in a two stage module.  They have assembled a pilot plant where they will verify the computer
simulation results and obtain design data for a CO2 separation plant.

♦ Andries, J., J.G.M. Becht and P.D.J. Hoppesteyn, “Pressurized Fluidized Bed
Combustion and Gasification of Coal Using Flue Gas Recirculation and Oxygen
Injection,”   p. S117.  (The authors are from Delft University of Technology, The
Netherlands.)

This article describes experimental work on coal combustion and coal gasification carried out in a
test rig.  The test rig consists of a 0.4 m diameter fluidized bed reactor operating at a pressure of  up to
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10 bar, a high temperature ceramic filter, a high temperature ammonia removal system, a pressurized
toping combustor, a scrubber, a booster compressor and an atmospheric combustor.

The oxygen supplied to the bed is mixed with air (when enriched air is used as fluidizing gas) or
recirculated flue gas (when a CO2/O2 mixture is used as fluidization gas).  Recirculation of the flue gas
implies recirculation of water vapor formed during the combustion of the coal and/or the fuel gas.  The
water concentration can become as high as 30 volume % at 8 bar.  Because of the high dew point of the
resulting flue gas this could result in severe corrosion in the system.  Furthermore the water
concentration in the flue gas strongly influences the composition of the fuel gas produced by the gasifier.
To control the water vapor concentration, the flue gas is passed through scrubber.  By injecting water
and cooling the resulting gas below the dew point, the water vapor concentration can be controlled and
be kept below a few percent.  The scrubber will also remove SO2 and remaining dust particles from the
gas stream thus protecting the booster compressor from the erosion and corrosion.

During the commissioning of the test rig a number of combustion experiments were performed.  All
the combustion experiments were done at a bed temperature of 850°C, a fluidization velocity of 0.8
m/s, with air (21% oxygen), oxygen-enriched air (24% oxygen) or oxygen enriched recirculated flue gas
(24 and 27% oxygen) as fluidizing gas and Kiveton Park coal mixed with Middleton limestone (97%
CaCO3).   Preliminary conclusions based on the results from these combustion experiments are:

• There seems to be no influence of the amount of recirculated NO on the emission of NO.
• The input of fuel-N and the oxygen level in the outlet determine together the emission of NO.
• The oxygen level at the inlet of the reactor seems to have no influence on the NO emission.
• The processes which determine the net emission of NO are not influenced by the replacement of

nitrogen by carbon dioxide

During the future experiments (second half of 1996) the authors plan to investigate the carbon
conversion in the fluidized bed and combustion characteristics of the low calorific value fuel gas in the
pressurized topping combustor.

♦ Okawa, M., N. Kimura, T. Kiga, S. Takano, K. Arai and M. Kato, “Trial Design for a
CO2 Recovery Power Plant by Burning Pulverized Coal in O2/CO2,”   p. S123.  (The
authors are from utility companies and Center for Coal Utilization, Japan.)

This article describes designing of a conceptual power plant in which part of CO2 in the flue gas is
recycled to the boiler and the remaining is recovered for disposal into ground.

The O2/CO2 pulverized coal fired power plant consists of four main processes: oxygen generation,
O2/CO2 combustion, flue gas treatment, and CO2 recovery/disposal.  The most efficient and technically
feasible processes are shown in Figure 1 (not reproduced in these notes).  The authors adopted wet
recycling method although it requires gas coolers and dehumidifiers.  For the oxygen supply, cryogenic
air separation method was selected.  Optimization showed that 97.5% pure oxygen should be produced
in the cryogenic plant.  Because the CO2 would be disposed of underground by gas compression, the
system does not need SOx removal unit.  For this scheme, the authors found that the footprint of the
power plant is equal to that of the conventional pulverized coal fired power plant.
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In the oxygen combustion method, the amount of flue gas decreases because of absence of nitrogen.
It therefore reduces thermal heat loss in the flue gas and reduces power consumption thus improving
boiler efficiency.  However, it requires a great deal of power for oxygen generation and CO2

compression, so the net efficiency falls from the 39.6% of the conventional power plant to 29.1%.

♦ T. Kiga, S. Takano, N. Kimura, K. Omata, M. Okawa, T.  Mori and M. Kato,
“Characteristics of Pulverized-Coal Combustion in the System of Oxygen/Recycled
Flue Gas Combustion,”   p. S129.  (The authors are from utility companies and Centers for
Coal Utilization, Japan.)

This article describes the experimental work that was carried to study oxygen/recycle flue gas
combustion for the removal of CO2 from pulverized-coal firing power plants, combustion characteristics
of pulverized coal and the heat absorption of boiler furnace.

Figure 4 in the article shows the flow diagram of the industrial-scale combustion test facilities.
(Figure 4 was not reproduced in these notes.)  The furnace is a horizontal cylindrical type with water
wall lined with refractory.  Its inside diameter is 1.3 m and length is 7.5 m.  The exhaust gas enters a
stack through an flue gas cooler, a tubular air preheater, a multi-cyclone dust collector and a bag filter.
A part of flue gas is taken out downstream of the bag filter and recycled as the primary gas for
transporting pulverized coal and secondary gas for combustion.  Oxygen is supplied by evaporating
liquid oxygen.  Part of oxygen is mixed with the secondary gas for combustion and another part is
directly injected into the burning area of the furnace.  Combustion tests were performed at the firing rate
of 100 kg/h using three kinds of bituminous coal.

The combustion results showed that air-blown combustion produced a large amount of NOx in the
flame while oxygen/recycled flue gas combustion produced a remarkably small amount of NOx.  This is
mainly due to the decomposition of recycled NOx in the flame.  When the air combustion was carried
out with staging, the NOx produced was only 25% of the NOx produced in air combustion without
staging.  However, the reduction of NOx in the oxygen/recycled flue gas staged combustion was only
50%.  It is thought that the NOx recycled in the oxygen/recycle flue gas staging was not decomposed
because there is a lack of reducing components like hydrocarbons.

Another effect of oxygen/recycle flue gas combustion is that the heat absorption in furnace increases
as wind box O2 concentration increases.  When the oxygen concentration in the wind box is 30%, heat
absorption is almost same as that in air-blown combustion.   The result indicates that there is a
possibility of reducing furnace size if O2 concentration can be increased.

♦ Jody, B. J., E. J. Daniels and A. M. Wolsky, “Integrating O2 Production with Power
Systems to Capture CO2,”   p. S135.  (The authors are from Argonne National Laboratory,
USA.)

This article is doing a loud thinking on the subject of integrating O2 production with power system.
The article mentions several theoretical cycles which could be used for the above integration.
Thermochemical cycles for O2 production from water and air can be integrated with high temperature
power cycles to facilitate the production of commercial grade CO2.  Such integrated systems can
achieve internal separation of the air or water while minimizing the overall energy consumption of the
integrated system.  This process might (under the right operating conditions) be more efficient than the
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use of conventional O2 separation technology to produce O2 for use in conventional fossil-fuel fired
power generation systems.  The article ends with the remark that the lack of technical data at this time
does not permit the evaluation of the economic competitiveness of such systems.

♦ Iantovski, E. and Ph. Matheieu, “Highly Efficient Zero Emission CO2-Based Power
Plant,”   p. S141  (The authors are from University of Liege, Belgium.)

This article proposes a CO2–based power plant promising zero emissions and removal of 80 to
90% CO2.  The removed CO2 is then is then injected into a deep aquifer or into empty gas fields.  The
authors estimate around 2% of the processed crude oil is rejected as waste in oil refineries, the resulting
low grade fuels would be produced at an annual rate of 100 Mtons.   In addition large amounts of
municipal solid wastes, which are currently disposed of in landfills, could be available for incineration.
Large sources of such bad fuels, which are to some extent noxious even before combustion and are
polluting land and water, can now be used for power production.

The proposed power plant consists of a recuperative CO2 gas turbine associated with a topping
CO2–like Rankine cycle.  The CO2 gas turbine is made of a quasi-isothermal compressor, a O2/CO2

combustion chamber and an expander which is not on the same shaft as the compressor.  The heat
content of the exhaust gas, mainly a mixture of CO2 and H2O is transferred partly to the toping cycle
and partly to the compressed CO2 in a recuperator.

Another option is to use an oxygen blown gasifier of coal, biomass or low grade fuels in order to
produce a syngas fuel.  Here, instead of using water or steam in the gasification process, which generate
large losses due to a very large heat of evaporation impossible to recuperate, CO2 is used as a
gasification agent.

The authors calculate the power plant efficiency at 54%.  They suggest modification of the gas
turbine expander which results in an expander of a smaller dimensions and the rotational speed is
reduced by 12%.  The authors think that such a gas turbine could be developed by a gas turbine
manufacture within two to three years.

♦ Meratla, Z., “Combining Cryogenic Flue Gas Emission Remediation with a CO2/O2

Combustion Cycle,”   p. S147  (The author is from CDS Research Ltd., Canada.)

The author of this paper describes a patented process for the removal of CO2.  Like all patent
holders, the author does not give any technical or economic information and keeps indulging into day
dreams.  His process flowsheet shows oxygen combustion in the boiler with recycle flue gas for
controlling the temperature.  He gets  oxygen from the non-existing Canadian hydroelectric power plants
which will electrolyze water into hydrogen and oxygen.  Hydrogen will be sold as a source of energy
and oxygen will be sold to author’s patented power plants for burning fossil fuel.  The question is, if one
has cheap electricity why bother to use fossil fuel to produce electricity.  Why not sell electricity.
Secondly, with oxygen combustion the power plant produces nearly pure CO2, therefore it does not
need any separation.  Then what is this talk about cryogenic separation.   [I think the CDS Research
LTD is a one man company.  And that one man is the author himself.]

♦ Pruschek, R., G. Oeljeklaus, G. Haupt, G. Zimmermann, D. Jansen and Ribberink,
“The Role of IGCC in CO2 Abatement,”p. S153  (The authors are from University of
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Essen, Germany; Siemens AG, Germany; and Netherlands Research foundation, The
Netherlands.)

Annual worldwide CO2 emissions from energy use of fossil fuels are in the order of magnitude of 22
Gt (1988), corresponding to a carbon inventory of some 6 Gt C.   About 20% of them come from
electric power generation in coal-fired power plants representing 1.2 Gt C in the fuel.  In contrast,
carbon used worldwide for raw materials of the chemical industry such as ethylene, propylene, methanol
amounts to only 0.09 Gt C.  These figures show that only a small fraction of the CO2 emitted by power
plants would be necessary as a feedstock for the production of chemicals, which would not justify
demonstration of CO2 reuse technology on technical scale.

The only potential worth analyzing more closely is substitution of mineral oil based fuels in the
transportation sector by methanol, as the major part of the carbon requirement of 1.2 Gt C could be
met from power plant emissions.  For this purpose, CO2 and H2 are converted into the liquid energy
carrier methanol which can be stored more easily and which is therefore more suitable to application in
today’s transportation sector infrastructure.  Bound carbon would then be ultimately released into
atmosphere by subsequent combustion.  Required H2 must of course be produced using a carbon-free
or low-carbon energy source (e.g. by hydropower driven water electrolysis) in order to reduce CO2

emissions of the overall system.

Stoichiometric conversion of hydrogen and carbon dioxide to methanol following the chemical
reaction equation

3 H2 + CO2 à CH3OH + H2O + 49.9 kJ/mol

requires 2.1m3 H2/kg CH3OH.  Assuming e.g., the whole fuel demand of Germany’s traffic sector to be
covered by methanol, about 220 billion m3 H2 annually is required, which is eleven times the present
annual H2 production in Germany.

The pre-basic designed afterwards is based on a 300 MW-class IGCC power plant with a Siemens
Model 94.3A gas turbine-generator with 1190°C (2175°F) ISO inlet temperature.  Gas generation and
treatment include:

• Pittsburgh No. 8 coal is gasified in a pressurized entrained flow (PRENFLO) oxygen-blown
gasifier.

• The sensible heat of coal-derived gas is used for steam generation by raw gas cooling.
• Dust is primarily removed by cyclone and candle filter arrangements.
• Alkali compounds and residual fine dust are separated in a Venturi (water) wash.
• CO and H2O are converted into CO2 and H2 in a water gas shift reactor system.
• Sulfur compounds (H2S, COS) and CO2 are simultaneously removed by Rectisol wash.

By this means, around 88% CO2 (related to C input by coal) are removed and extracted in gas
phase with acceptable amount of energy and investment costs.  The following table compares salient
data of IGCC with CO2 removal a standard IGCC as a reference case.  The incorporation of CO2

separation results in a 6 percentage points lower efficiency.
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Salient Data of IGCC with CO2 Removal
Compared to the Reference Case

Items Reference
Case

With CO2

Removal

CO2 emission from stack, kg/s 72.9 8.4

CO2 emission from stack, kg/kWh 0.69 0.09

Coal heat input, MJ/s 811.2 876.1

Gross power output from gas turbine, MW 238.8 234.1

Gross power output from steam turbine, MW 177.7 170.2

Total gross power output, MW 416.5 404.3

Auxiliary power requirement, MW 37.8 49.1

Power requirement for gas treatment, % Aux. power 3 24

Net power output, MW 378.6 355.2

Net efficiency, % 46.7 40.5

The CO2 based methanol plant is integrated into the IGCC.  The two plants are liked through CO2

fraction removed and imported/exported steam.  Hydrogen as reactant is imported as 100% pure H2 at
66 bar pressure.

Salient data of the coproduction system are:

− Coal input, tonnes/day 2300
− Hydrogen input, tonnes/day 780
− CO2 (intermediate product), tonnes/day 5500
− Methanol product (>99.85 wt %) 3800
− Gas turbine gross power output, MW 234
− Steam turbine gross power output, MW 120
− Total gross power output, MW 354
− Total net power output, MW 310

Total investment costs for coproduction of power and methanol/gasoline costs of IGCC with CO2

removal and of methanol synthesis/MTG plant.  Specific costs of coproduced methanol/gasoline
strongly depend on hydrogen price.  CO2 from IGCC could be considered as for free in case extra
costs caused by CO2 removal are allocated to generating costs.  In the present case, a simplified cost
calculation model has been used which is solely based on investment costs for the additional equipment
of the methanol system and hydrogen production costs depending on the different sources.  Taking into
account that the CO2 stream has been provided by adding a CO2 removal plant to a standard IGCC,
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the specific methanol production costs estimated as described above are penalized by thereby higher
generating costs according to the ratio of electricity and coproduced methanol/gasoline.

In Figure 3 (not reproduced in these notes), methanol/gasoline production costs are plotted against
hydrogen price (1 ECU = 1.25 US$).  General target should be that methanol costs are below market
price and gasoline costs are below market price including tax.  Both comparative figures are indicated in
the diagram showing that even with today’s cheapest hydrogen produced from natural gas by steam
reforming (not CO2-free), methanol is not competitive.  Synthetic gasoline is only below market price if
based on this hydrogen source and not charged with tax.

In Figure 4 (not reproduced in these notes), primary energy requirements and accompanying CO2

emissions for different cases of interest are collected.  It turns out that only power generation via IGCC
and parallel use of cars fuelled with hydrogen from a CO2-free source show a slightly lower CO2 output
than IGCC with coproduction of electric power and methanol as substitute for oil based gasoline.

The article concludes by stating that CO2 removal from IGCC makes drastic CO2 reduction
possible as required by the IPCC in the next century if it can be disposed of.  A conceivable CO2

disposal strategy apart from deep sea dumping and underground storage is reutilization of extracted
CO2, which is of course a more expensive way, and CO2 emission abatement of the overall system is
less pronounced.

♦ Bracht, M. P.T. Alderliesten, R. Kloster, R. Pruschek, G. Haupt, E. Xue, J.R.H. Ross,
M.K. Koukou and N. Papayannakos, “Water Gas Shift Membrane Reactor for CO2

Control in IGCC Systems: Techno-Economic Feasibility Study,”   p. S159.  (The authors
are from University of Essen, Germany; Siemens A.G., Germany; University of Limerick,
Ireland; and University of Athens, Greece.)

Conventional process schemes for CO2 removal for oxygen blown entrained bed gasifiers comprise
low temperature gas cleaning, a separate water gas shift conversion to convert the CO with steam in the
fuel gas mixture into CO2 and H2, followed by CO2 removal for example by scrubbing with solvents.
The extent of the shift conversion determines the final CO concentration in the fuel gas and thus the
maximum level of CO2-control.  The thermodynamic equilibrium conversion of CO decreases as
temperature increases.  In order to achieve high CO conversion, a two-step catalytic process is usually
employed.

One of the methods to circumvent conversion limitations is to enforce an equilibrium displacement to
the product side.  From an energy efficiency viewpoint, this should be achieved by continuous removal
of one of the product components directly at the place where it is formed.

One approach to reach this is the use of a catalytic membrane reactor, in which the water gas shift
reaction is combined with H2 separation from the reaction mixture in one reactor, using ceramic
membranes selectively permeable to hydrogen.

The authors propose the layout of the membrane reactor as shown in Figure 3 (which has not been
reproduced in these notes.)  In this layout, a shift reactor, cooler and membrane reactor are shown.  In
the first shift reactor bulk of the shift conversion is carried out which causes a large temperature rise.
The effluent from the first reactor is cooled in the cooler and then fed to the membrane reactor.  In the
membrane reactor hydrogen is removed and the shift reaction is pulled over the thermodynamic
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equilibrium.  The temperature rise in the membrane reactor will be moderate.  The pressure drop across
the membrane is 15 bar.

The IGCC plant incorporating the membrane reactor is as follows:

• Gasification process is PRENFLO, entrained-flow, oxygen blown gasification with dry coal dust.
• Synthesis gas cleaning system is conventional wet gas cleaning (low temperature) or advanced dry

gas cleaning (elevated temperature).
• CO2 delivery is either at 15°C, 1 bar (i.e., gaseous) or 15°C, 150 bar (i.e., liquid).

To enhance the hydrogen recovery of the membrane reactor, a sweep gas is fed at the low pressure
side of the membranes in countercurrent flow mode.  The sweep gas consists of the nitrogen fraction
from the air separation unit, saturated with water to increase the available mass flow and for NOx

suppression in the gas turbine combustor.  The unconverted and unseparated  gas stream from the
membrane reactor still contains CO and H2 which is burned with the oxygen from the air separation unit
in a catalytic burner.  The exhaust gas from the gas turbine and catalytic combustor is sent to the HRSG.

The following table summarizes performance of the IGCC containing membrane reactor.

Results of IGCC Calculation

IGCC Configuration Net Power
Efficiency

%

Overall
CO2

Recovery

%

No CO2 removal 46.7 -

Conventional CO2 removal 40.5 88

Shift & membrane reactors with conventional gas cleaning 42.8 80

Shift & membrane reactors with dry gas cleaning 43.4 80

This table shows that the incorporation of shift and membrane reactors in the IGCC system is
attractive for CO2 removal as compared to conventional options.  Although the rate of CO2 removal is a
little lower than the conventional case, the efficiency of the novel system is significantly higher.

Results of the economic evaluation are summarized in the following table.
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Results of Economic Analysis

Item Base Case
Conventional CO2

Removal

Membrane Reactor
CO2 Removal with
Conventional Gas

Cleaning

CO2 recovery (Note 1) - 88 80

CO2 state - Gaseous Gaseous

Net power, MW 379 355 433

Net efficiency, % LHV 46.7 40.5 42.8

Investment, ECU/kW (Note 2) 1560 1869 1594

Cost of electricity, ECU/kWh 0.0787 0.0867 0.0835

Notes:

1. Based on coal input.
2. European Currency Unit, 1ECU = 1.27 US$, 30 July 1996,

The additional equipment which was included in the above economic analysis of the IGCC is as
follows.  Saturation system, CO shift reactor, membrane reactor, catalytic burners, and two HRSGs.
The analysis shows that investment cost and cost of electricity is not much higher than the base case.

♦ Gaudernack, Bjorn and Steinar Lynum, “Natural Gas Utilization without CO2

Emissions,”   p. S165.  (The authors are from Institute for Energy Technology, Norway; and
Kvaerner Engineering, Norway.)

This paper describes two methods of natural gas utilization without CO2 emissions.  The first is o
produce hydrogen by steam reforming of natural gas.  The second method is to produce hydrogen and
carbon by cracking natural gas.

Advances in Steam Reforming of Natural Gas.  Steam reforming is the dominant method for
hydrogen production, and the technology is well proven.  Nonetheless, developments and improvements
are taking place.  Conventional steam reformers are large and operate at high temperatures with poor
heat transfer and emission of CO2 and NOx.  They are being replaced by more compact reformers of
the heat exchanger type.  It has also been proven advantageous to carry out the reforming in two stages,
adding oxygen for autothermal reforming in one of the stages.  These features are being incorporated in
ICI Katalco’s Leading Concept Hydrogen (LCH) process, using the specially designed Gas-Heated
Reformer (GHR) in the first stage.  These reformers will reduce the investment and operating costs
(Abbishaw et al., 1996).

The possibilities of incorporating selective sorbents or membranes into steam reformers or shift
reactors are being investigated.  Selective removal of one of the products (H2 or CO2) will shift the
equilibrium and create more favorable thermodynamic conditions, permitting lower operating
temperatures.  An example is the Sorption Enhanced Reaction Process (SERP) being developed by Air
Products and Chemicals, where a special CO2-selective sorbent has been developed.  This is expected
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to result in lower operating temperatures, reduced downstream purification, less expensive construction
materials (Anand et al., 1996).  An alternative is to remove hydrogen selectively through H2-permeable
membranes.  Thin supported membranes of a Pd-Ag alloy have been investigated with promising results
(Laegsgaard Jorgensen et al. 1995)

The paper also mentions two studies which calculated the cost of the CO2 avoidance at a GTCC
plant as 80 US$/tonne CO2 (Holloway, 1996) and the cost of capture of CO2 in a hydrogen plant as 20
US$/tonne CO2 (Audus et al., 1996).

One suggestion for the use of hydrogen is to mix it with natural gas (call it hythane) and send it from
Norway to other parts of Europe by means of hythane pipeline.  According to the paper many
European countries are interested in the use of  hythane.

 [The latter part of the paper describes advances in natural gas cracking to produce carbon black,
proposed uses of carbon black etc.]

♦ Gottlicher, G. and R. Pruschek, “Comparison of CO2 Removal Systems for Fossil-
Fuelled Power Plant Processes,”   p. S173.  (The authors are from University of Essen,
Germany.)

This article summarizes the data published in some 300 articles on the subject of CO2 removal
systems for fossil fueled power plants.  The article divided the CO2 removal processes into five groups,
as follows.

Process Group I comprises processes with CO shift or steam reforming before CO2 removal.  The
resulting hydrogen rich fuel gas can then be combusted with air after H2/CO2 separation.  Also the
option of H2/CO separation without CO shift is possible.

Process Group II covers processes where fuel is combusted in an atmosphere of oxygen mixed with
recycled CO2 or steam.

Process Group III includes all kinds of fossil-fuel-fired power generation systems in which CO2 is
removed from the flue gas after combustion at the exhaust end of the plant.

Process Group IV includes the so-called Hydrocarb processes whereby carbon is separated from
the fuel prior to combustion.

Process Group V deals with CO2 separation in fuel cells suitable for the use of fossil-fuel-derived
gases.

Efficiency Reduction due to CO2 Removal.

CO2 separation processes applied to a fossil-fuel-fired power plant give rise to additional energy
consumption and to the direct reduction of power output.  Assuming a pipeline pressure of 110 bar, the
energy requirement for liquefaction by intercooled 5-stage compression starting from 1 bar amounts to
about 0.12 kWh/kg CCO2.  Thus, in the case of 90% CO2 removal, the CO2 liquefaction reduces the
efficiency of coal-fuelled power plants by 3.2 to 5.1 percentage points.  The efficiency of natural gas
fired power plants is reduced by 2.2 to 2.8 percentage points.  These values of efficiency reduction
depend on the carbon content and heating value of the fuel and the CO2 removal extent.  The following
figures on efficiency reduction are based on the assumption that the CO2 removed is at 1 bar (gaseous).
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Process Group I.  The efficiency reduction due to CO2 removal is predominantly caused by:

• Exergy destruction is due to steam reforming or gasification and CO shift.  Overall efficiency
reduction of 2.5 to 5 percentage points.

• Energy demand of the gas separation process (i.e., regeneration, compression). Efficiency reduction
of about 1 percentage point.

• Volume displacement of the separated carbon dioxide.  Efficiency reduction of about 1 percentage
point.

The efficiency reductions for Process Group I are
• in the range of 4 to 7.4 percentage points for an IGCC with CO shift (CO2 removal: 80 to 90%).
• And around 14.5 percentage points for a natural gas fired combined cycle with steam reforming,

CO shift and absorption by MDEA (CO2 removal below 60%).

Process Group II.  The efficiency reductions due to O2/CO2 firing (as cited in the literature and as
calculated by the authors)are in the range of 4.8 to 8.5 points for IGCC power plants and about 6
percentage points for natural gas fired plants.

Process Group III.  In this process scheme the bulk of the proposals apply flue gas scrubbing with
amine-based chemical sorbent.  Such removal processes consume up to two thirds of steam as
extraction steam (2 – 5 bar) for solvent regeneration.  Efficiency figures cited in the literature are in the
range of 8 to 11 percentage points when 80 to 90% of the CO2 is removed from coal-powered plants,
or 5.5 to 11 percentage points when removed from GTCCs.

Process Group IV.  Processes like “Hydrocarb” (Steinberg et al. 1991) aim at the separation of
carbon from the fuel.  This option, however, is reasonable approach only for a fuel mix consisting of
biomass and natural gas or oil, where the CO2 released is generated from the biomass and the
sequestered fossil carbon is disposed.  According to Steinberg, the conversion efficiency (energy of
produced methanol divided by energy input of natural gas and biomass input, LHV) amounts to 60.9%.
To compare this process with the other CO2 removal options as discussed before, one has to multiply
this conversion efficiency with a cycle or plant efficiency (reciprocating engines, steam and gas turbine
cycles).

Process Group V.  Phosphoric acid fuel cells (PAFC), molten carbonate fuel cells (MCFC) or solid
oxide fuel cells (SOFC) can be operated with fossil fuel derived gases.  The efficiency of power plants
with PAFC is below the efficiencies of other combined cycles.  MCFC or SOFC combined cycles are
expected to achieve higher efficiencies.  In all three cases the extra energy demand in the range of 0.05
to 0.11 kWh/kg CO2 is required for the necessary separation of residual fuel and CO2 removal rate is
probably limited to around 80% with specific CO2 emissions of 0.15 to 0.17 kg of CO2 per kWh.

Efficiencies of power plants incorporating CO2 removal based on today’s available technology
(efficiencies without CO2 removal: IGCC = 50%, GTCC = 58%) and respective CO2 emissions are
depicted in Fig. 1 (not reproduced in these notes) and listed in more detail in the following two tables
(Table A and Table B).
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Estimate of Efficiencies, CO2 Emissions and Costs

Based on Present Status of Technology
Process Group I: CO2 Removal from Fuel Gas Before Combustion

Processes with CO2 Removal (Liquid CO2, 110 bar) Reference Processes

DM/
kW

KgCO2/
kWh

Efficiency

%

DM/
kW

KgCO2/
kWh

Efficiency

%

Cost of
CO2

Avoid.
DM/t

IGCC-CO-Shift, Wet
Quench

3300 0.108 31.4 2350 0.83 38.9 48

IGCC-CO-Physical
Absorption

3595 .102 40.2 2700 0.64 50.0 58

IGCC-CO-Shift, Sea
Water*

3330 0.095 41.8 2700 0.64 50.0 43

IGCC-CO-Shift,
Chemical Absorption

3720 0.055 39.2 2700 0.64 50.0 61

IGCC-CO-Shift,
Membrane, HG Clean up

3400 0.110 41.1 2700 0.64 50.0 48

IGCC-CO-Shift,
Membrane Reactor

3360 0.175 42.6 2700 0.64 50.0 49

IGCC-CO-Shift,
Cryogenic Distillation*

3600 0.121 39.7 2700 0.64 50.0 61

IGCC-CO-Shift,
Adsorption*

4800 0.136 29.8 2700 0.64 50.0 151

Air Blown IGCC-CO-
Shift, Chemical
Absorption

3440 0.179 34.4 2300 0.69 46.7 82

IGCC, H2/CO
Membrane*

3500 0.060 41.8 2700 0.64 50.0 47

Natural Gas Fired Processes

Steam Power Plant,
Reformer*

2660 0.053 33.3 2000 0.46 45.0 115

GTCC, Reformer 1600 0.156 42.0 940 0.36 57.5 207
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Estimate of Efficiencies, CO2 Emissions and Costs

Based on Present Status of Technology
Process Group II: O2 /CO2 Firing

Processes with CO2 Removal (Liquid CO2, 110 bar) Reference Processes

DM/
kW

KgCO2/
kWh

Efficiency

%

DM/
kW

KgCO2/
kWh

Efficiency
%

Cost of
CO2

Avoid.
DM/t

Steam Power Plants 3660 0.007 33.6 2400 0.72 45.0 64

Direct Coal-Fired
Combined Cycle*

3090 0.007 40.6 2000 0.61 52.5 63

MHD Combined Cycle 3110 0.007 38.2 2000 0.64 50.7 63

IGCC+ PFBC (Partial
Gasification)

3690 0.007 34.8 2300 0.69 46.7 71

IGCC-O2/H2O–Blown
Gasification

3900 0.007 39.9 2700 0.64 50.0 63

IG-STIG-O2/H2O–Blown
Gasification*

4210 0.007 28.2 2700 0.84 38.4 66

IGCC-CO2/H2O–Blown
Gasification

3890 0.007 40.1 2700 0.64 50.0 63

Natural Gas Fired Processes

Steam Power Plants* 2580 0.007 37.1 2000 0.46 45.0 74

GTCC 1590 0.007 48.6 940 0.36 57.5 84

Evaporative Cycle* 1540 0.007 45.8 900 0.37 56.0 89

Internal Combustion
Rankine Cycle

3620 0.007 34.1 940 0.36 57.5 337

The following articles were copied from the following web site. http://www.ieagreen.org.uk/sr1p.htm

♦ Riemer, Pierce, “Greenhouse Gas Mitigation Technologies.  An Overview of the CO2

Capture, Storage and Future Activities of the IEA Greenhouse Gas R&D Program,”
paper presented in 1995.  September 1998. (The author is from IEA, France.)



6-86

♦ Freund, Paul, “Abatement and Mitigation of Carbon Dioxide Emissions from Power
Generation,” paper presented at the Power-gen conference, Milan, June 1998.
September 1998.  (The author is from IEA, France.)

♦ IEA Greenhouse Gas R&D Program, “Carbon Dioxide Capture from Power Stations,”
the second in a series of public summaries of work,” September 1998.

This report consists of the following sections:

− Introduction
− Design and Chemistry
− Criteria for Case Studies
− Absorption Technologies
− Adsorption Technologies
− Cryogenic Technologies
− Membrane Systems
− Comparing the Capture Options
− Conclusions

Introduction:

This is the second in a series of public summaries of work carried out by the IEA Greenhouse Gas
R&D Program.  Selected power generation, CO2 capture, and CO2  disposal options are evaluated,
relating them to whether they are a presently available technology, likely to be available in the near future
or long term prospects requiring considerable development.

The four schemes were selected to represent a wide range of CO2 concentrations as shown in the
following table. The starting point for this report is where the CO2 has actually been produced.

Flue Gas Rates and CO2 in Flue Gas

Items PF +
FGD

GTCC IGCC CO2

Recycle

Flue gas flow rate, kg/s 607 1007 1028 178

Flue gas flow rate, kg/s MW 1.2 2.2 2.0 0.4

CO2 in flue gas, vol.% wet 13 3 7 63

CO2 in flue gas, vol.% dry 14 4 7 91

The studies concentrate on the overall impact of capture processes (for specifically removing or
isolating CO2) on power generation.  The combined power generation and scrubbing plant should have
a net output of 500 MW.  The original studies on power generation plants were based on this output
and hence will need to be scaled up in size to allow for the power consumed in the gas scrubbing
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process.  The need to meet emission standards is considered, in particular, the most appropriate
technology for CO2 capture from coal fired plant takes account of the need to remove SO2.  [p. 1]

Design and Chemistry:

Processing techniques for the capture of CO2 are significantly influenced by the concentration or
partial pressure of the gas to be captured.  For example at low concentrations such as that applying to
the exhaust from a natural gas fired turbine, a large amount of inert gas has to be treated which has a
significant cost penalty on the size of any downstream scrubbing, heat recovery equipment, etc.
However, the quantity of adsorbent or absorbent required is a function of the quantity of CO2 to be
removed.  Chemical solvents are likely to be preferred for cases with low concentrations or amounts of
CO2 in the combusted gases and do not gain significant advantage by operating at elevated pressure.
Whereas, physical solvents are favored by high pressures and low concentrations of inert gases such as
nitrogen.

The solvent regeneration (or gas recovery) step is relatively simple for physical absorption as it is
carried out by pressure let down and, for example, as in Selexol process can be arranged in more than
one stage to optimize energy requirements.  For chemical absorption, significant quantities of heat are
needed to dissociate the chemical complex formed by reaction with the CO2.

Membranes use partial pressure as the driving force for separation and consequently will be most
effective at high concentrations and pressure of CO2.  They are not very selective at separating
individual components of a gas stream and if low residual CO2 and/or high CO2 purity is required, a
number of separation stages are required.  There is a strong possibility that a combination of processes
such as membranes and monoethylamine (MEA) absorption, or cryogenics will be attractive as they
would combine the bulk CO2 removal characteristics of membranes with the ability to CO2 down to low
levels.

The presence of other acid gases and their concentration relative to the amount of CO2 is likely to
be a key factor in determining the optimum CO2 recovery process.  Chemical solvents tend to react
with both SOx and NOx to form heat stable salts which are not easily recoverable.  This can result in
unacceptable solvent losses unless SOx and NOx are removed upstream.  SO2 is generally much more
soluble than CO2 in physical solvents.  For example SO2 is about 100 times more soluble than CO2 in
Selexol and is not easily recovered other than by thermal means.  Hence very low levels of SO2 are
necessary (in the 5-10 ppmv region) prior to CO2 recovery.  NOx compounds are not particularly
soluble in physical solvents such as Selexol and in general are less of a handicap to CO2 recovery than
SOx.

Criteria for Case Studies:

The base case was 500 MW (electricity sent out from the ) power plant, with a 35 years working
life.  Costs are given in US dollars, nominally set at the third quarter of 1992; accuracy is believed to be
± 30%.  Ambient conditions, natural gas analysis and coal analysis, fuel cost etc. are the same as
described in the first report.
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Absorption Technologies:

The CO2 can be physically absorbed in a solvent according to Henry’s law and then regenerated
using either or both heat or pressure reduction.  Typical solvents are Selexol (dimethylether of
polyethylene glycol) and Rectisol (cold methanol) which are applied at high pressure.  At lower
pressures, the chemical absorption processes are more economical.  The Selexol physical solvent
process is frequently specified for coal gasification applications.

Hybrid solvents combine the best characteristics of both the chemical and physical solvents and are
usually composed of a number of complementary solvents.  Hybrid solvents have outperformed existing
solvents.  Currently the tendency has been to develop tailor-made solvents using complementary
solvents where the proportions are varied to suit the application.  Typical solvents are A-MDEA,
Purisol, Sulfinol, and UCARSOL.

All the processes operate in essentially the same manner by scrubbing the flue gas in absorption
towers to collect the CO2 and then regenerating the solvent and releasing the CO2.

Figures arrived for the cost incurred per tonne of CO2 release to atmosphere avoided range from
16-87$/tonne as shown in the following table.  They do not include the cost of CO2 liquefaction and
disposal.  [p. 2]

Carbon Dioxide Releases and Cost of Avoidance
(Efficiencies as %LHV)

Items PF +
FGD

GTCC IGCC CO2/
O2

IGGC
Selexol

Reference efficiency, % 40 52 42 33 42

Efficiency after CO2 capture, % 29 42 28 30 36

CO2 captured, % 90 85 90 99 82

CO2 in product CO2, % 99.2 99.4 99.8 99.9 96

Cost CO2 avoided, $/tonne 35 55 87 16 23

Power cost, ref. mills/kWh 49 35 53 78 53

Power cost, mills/kWh 74 53 112 94 63

Investment cost of ref. case, $/kW 1058 702 1561 2044 1561

Invest. cost of CO2 removal case, $/kW 1842 1367 3254 3102 2400

The key criteria in evaluating options are the amount of CO2 vented to atmosphere per unit of
power sent out and the cost of the power.  As can be seen from the above table the CO2 recycle
system reduces CO2 emissions but at a cost which is twice as expensive as the cost of generating power
in the base case PF + FGD plant.  It is not feasible to get down to such low levels of CO2 release using
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absorption systems on the PF + FGD and GTCC plants but good CO2 emissions can be obtained at a
cost of 74 and 53 mills/kWh, respectively.

The dramatic increase in the power cost for the IGCC case shows that using absorption on the gas
turbine exhaust is not an effective way to capture CO2.  Hence alternative schemes are based on
treating the gasifiers product gas to concentrate the carbon before combustion and take advantage of
the operating pressure.

An additional exercise looked at an IGCC system where the fuel gas was shifted in a high and low
temperature shift reactor and then cleaned in a Selexol unit.  The H2S and CO2 leave the unit in separate
streams.  The cleaned fuel gas (mainly H2) is burned in the gas turbine.  The heat of the flue gases is
transmitted to the steam system, for power generation in the steam turbines.  The separated CO2 is
dried and compressed ready for storage.  [p. 2]

For the CO2 removal from an IGCC power plant some additional investments are needed.  The
shift reactors, the CO2 separation section of the Selexol unit and the CO2 compression and drying
section have to be added.  Also, the steam system has to be modified slightly.  The costs of the IGCC
are 113 million US$ higher than for the reference base case.  The overall efficiency from the IGCC with
CO2 removal by means of scrubbing is 36%.  The efficiency drop due to CO2 removal is 6%.  [p.3]

Adsorption Technologies:

Typical gas-solid adsorption systems which may be applicable for removal of CO2 from power
plant flue gas employ adsorbent beds of alumina, zeolite or activated carbon.  Other solid materials used
commercially in gas separation processes are alumina gel and silica gel.  However, processes using
these gels are a hybrid of adsorption and absorption.

There are several adsorption methods used commercially in the process industries that may be
applicable for removing CO2 from power plant flue gases.  These employ adsorbent beds of alumina
and zeolite molecular sieves (natural or manufactured aluminosilicate).

Four methods are used commercially for regeneration.  Pressure swing regeneration or adsorption
(PSA) involves lowering the pressure in the vessel containing the saturated bed until trapped gases are
pulled off the bed.  Technologies requiring a vacuum to regenerate are called VPSA units.  The
regeneration cycles are relatively short and are typically measured in seconds.  Thermal (or temperature)
swing adsorption (TSA) employs high temperature regeneration gas to drive off trapped gases.  The
regeneration cycles are quite long (measured in hours), and result in larger quantities of adsorbent being
required than with PSA systems.  The third method employs a stream of fluid that does not contain any
of the trapped gas in an effort to “wash” the bed.  The final method involves using a gas stream that
contains a material that can “bump” the trapped gas from its place in the bed and is essentially a
chromatographic procedure.

Most commercial units use either a PSA type regeneration, or a combined thermal swing/wash
method that regenerates at reduced pressure, known as thermal swing.  The chromatographic method of
bumping captured gas is usually employed for small services.  The commercial alumina and commercial
gel processes employ thermal swing regeneration exclusively.
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The mass of gas adsorbed per unit weight of solid is a key factor in the assessment of potential
sorbents.  As molecular sieves have a capacity for CO2 adsorption about five times that of alumina, it
was decided to concentrate on the use of molecular sieve based systems.  Energy is released during
adsorption which means that isothermal adsorption is not practical.  This leads to lower effective mean
adsorption capacities than predicted for constant temperature operation and a requirement to optimize
the adsorption/desorption cycle.  Similar to the absorption process, the adsorption can be primarily
chemical or physical with physical adsorption being the less energy intensive to reverse.  The driving
force for regeneration is obtained either by raising the temperature (TSA) or reducing the pressure
(PSA).

The calculated power cost shows that the use of state of the art adsorption technology for CO2

capture is not at all attractive.  All the options considered except the CO2 recycle case, more than
double the cost of power.  Even the CO2 recycle case is not attractive, as in practice, a system based
on condensation of the water followed by removal of trace gases would be used.

The PSA system is more attractive than the TSA system because of the nature of the regeneration
cycles (see the following table).  TSA requires two to three times more energy than PSA and the
regeneration gas used in TSA dilutes the product.  The physical size of the TSA plants are about ten
times the PSA equivalent due to the difference in quantity of adsorbent required.



6-91

Comparison of PSA and TSA Technology
Against the Base Case Technologies

(Efficiencies as % LHV)

Items PF +
FGD

GTCC IGCC CO2/O2

Reference efficiency, % 40 52 42 33

Efficiency after CO2 capture using PSA, % 28 33 26 29

Efficiency after CO2 capture using TSA, % 29 39 29 -

CO2 captured, % 95 95 95 95

CO2 in product CO2, % 75 50 60 97

Cost CO2 avoided using PSA, $/tonne 84 544 205 21

Cost CO2 avoided using TSA, $/tonne 264 401 361 -

Power cost of reference case, mills/kWh 49 35 53 78

Power cost using PSA, mills/kWh 114 140 201 98

Power cost using TSA, mills/kWh 179 241 215 -

Investment cost for reference case, $/kW 1058 702 1561 2044

Invest. cost for CO2 removal using PSA, $/kW 1369 1200 2150 2189

Invest. cost for CO2 removal using TSA, $/kW 2363 1548 3031 -

It is apparent that state of the art adsorption technology has little attraction for the schemes
examined here.  However, there is the possibility that work on metal oxide gels may be of interest
whether as a membrane, adsorbent, or in a combined role.

Cryogenic Technologies:

Cryogenic methods for only IGCC and the combustion in O2/CO2.  Cryogenic systems use a low
temperature physical approach, in which the CO2 is separated directly or by using a solvent.  Methane
is difficult to separate from CO2 but some processes have been developed specially for the methane-
CO2 system.  Water also presents problems in cryogenic systems, so the feed gas must be dried before
being cooled.
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Carbon dioxide can be physically separated from other gases by condensing the CO2 at cryogenic
temperature.  The minimum CO2 mole fraction in the gas phase is achieved by lowering the temperature
and raising the total pressure as much as practical, but in most situations it is not practical reduce the
temperature below the freezing point of CO2 (-56.6°C).  Alternatively it can be achieved by
compression to a supercritical fluid followed by distillation (with lower associated energy temperature),
with power recovery on the gas phase.   [p. 1.]

The base IGCC plant has a design efficiency of 42% (LHV) and total CO2 emissions of 790
kg/MWh.  When cryogenics are applied to remove the CO2 the efficiency is reduced to 36% and the
cost of electricity increases, as shown in the following table.  The Selexol unit used to collect the H2S
also removes about 15% of the CO2 in the gas stream and vents this to the atmosphere.  Hence not all
of the CO2 reaches the cryogenic plant.  {Surely, it can be redirected to the cryogenic plant.]  A dual
system (Ryan Holmes process) was utilized.  It involves contacting the dry de-sulfurized synthesis
gas/CO2 mixture with a C4 hydrocarbon which absorbs 97% of the CO2.  The liquid hydrocarbon and
CO2 then pass to a second column and the pressure is raised to 140 bar where the hydrocarbon is
stripped out and CO2 is in liquid form ready for disposal.

Comparison of IGCC and Combustion in Oxygen Base Case Studies Using
Cryogenics to Remove the Flue Gas CO2

(Efficiencies as % LHV)

Items IGCC CO2/O2

Reference efficiency, % 42 33

Efficiency after CO2 capture, % 36 27

CO2 captured, % 85 85

CO2 in product CO2, % 97 99

Cost CO2 avoided, $/tonne 23 26

Power cost, reference mills/kWh 53 78

Power cost, mills/kWh 78 109

Specific investment cost, reference case, $/kW 1561 2044

Specific investment cost, CO2 removal case, $/kW 2763 3597

The efficiency of the power plant in which oxygen is used for combustion was 33% (LHV basis),
which is about 7% less than the conventional PF plant.  The CO2 leaving the recycle process is at a
concentration of 91% by volume (dry basis).  When cryogenics are applied to remove CO2 the
efficiency is reduced to 27% and the cost of electricity rises.  [p. 1.]

Membrane Systems:

Two membrane operations which appear to have potential are gas separation and gas adsorption.
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Gas Separation Membranes.  Gas separation membranes rely on a difference in physical or
chemical interaction between components present in a gas mixture with the membrane material, causing
one component to permeate faster through the membrane than another (component).  The gas
component dissolves into the membrane material and diffuses through it to the other side.

The membrane divides the feed gas stream in two – the permeate stream and the retentate stream.
The quality of the separation is determined by the selectivity and by two process parameters: the ratio of
the permeate flow to the feed flow; and the ratio of permeate pressure to the feed pressure.  Usually the
selectivity of the membrane is insufficient to achieve the desired purity and recovery and multistage
plants with or without recycle of the permeate are necessary.  This leads to increased recompression
costs and increased capital costs.  There are a number of different types of gas separation membranes
currently available.  Some have only been examined on the laboratory scale.  In the descending order of
commercialization, they are polymer membranes, palladium membranes, facilitated transport membranes
and molecular sieves.  [p. 1]

The gas separation membranes used were polyphenyleneoxide and polydimethylsiloxane.  The
former has good CO2/N2 separation characteristics (with very low CO2 content in the gas stream
(which gas stream?) and costs about 150 US$/m2.  The latter at 300 US$/m2 is a good CO2/O2

separator.  These two were selected for their properties and the requirement that commercially available
technology should be applied where possible.  [p.2]

Gas Absorption Membranes.  Gas absorption membranes are used as contacting devices between
a gas flow and a liquid flow.  The separation is caused by the presence of an absorption liquid on one
side of the membrane which selectively removes certain components from a gas stream on the other side
of the membrane.  In contrast with gas separation membranes, it is not essential that the membrane has
any selectivity at all.  It is merely intended to provide a contacting area without mixing gas and
absorption liquid flow.  The selectivity of the process is derived from the absorbing liquid.
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Comparison of Four Base Case Studies Using Membrane and Membrane/MEA
Combinations to Remove the Flue Gas CO2.

(Efficiencies as % LHV)

Items PF +
FGD

GTCC IGCC CO2/O2

Reference efficiency, % 40 52 42 33

Efficiency after CO2 capture with membrane, % 31 31 26 31

Efficiency after CO2 capture with membrane/MEA, % 30 47 32 30

CO2 captured, % 80 80 80 80

CO2 in product CO2, % 55 16 30 97

Cost CO2 avoided with membrane, $/tonne 47 335 125 9

Cost CO2 avoided with membrane/MEA, $/tonne 45 31 42 16

Power cost of reference case, mills/kWh 49 35 53 78

Power cost with membrane, mills/kWh 83 125 129 90

Power cost with membrane/MEA, mills/kWh 81 45 84 94

Investment cost for reference case, $/kW 1058 702 1561 2044

Invest. cost for CO2 removal with membrane, $/kW 2103 3116 4855 2213

Invest. cost for CO2 removal with membrane/MEA, $/kW 1644 - 2736 -

Removal of flue gas components like SO2 or CO2 is achieved through the use of porous,
hydrophobic membranes in combination with suitable absorption liquids, such as sulphite, carbonate or
amine solutions.

The CO2 is removed from each process with the aid of gas absorption membranes (in combination
with MEA).  For the gas absorption membrane case porous polypropylene was selected.

The results of both types of membranes are summarized in the above table.  The above table shows
that the energy requirements for both the IGCC and GTCC systems are high when gas separation
membranes are used due to the high compression requirements of the gas flow.  The PF + FGD is
better although the best is the CO2 recycle case where the CO2 is already concentrated in the exhaust
flow.
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The CO2 removal using gas absorption membranes in conjunction with MEA were all significantly
better than the membrane on its own.  There is still a significant decrease in power output although this
reduction depends on the amount of CO2 in the flue gas.  The combination of MEA and membranes
seems the best removal option for all of the technologies (except for the CO2 recycle where gas
separation membranes are superior) in terms of power cost, CO2 removed and the cost of CO2

avoided.  This is particularly promising as new improved gas absorption membranes are expected on
the market shortly.

Comparing the Capture Options:

The following table illustrates some results for the CO2 capture alternatives as applied to just PF +
FGD option.

Typical Capture Data for PF + FGD System Incorporating CO2 Capture

Item
Efficiency

%
Power Cost
Mills/kWh

Cost CO2

Avoided$
/tonne

CO2 Emission
Rate

g CO2/kWh

PF + FGD Base Case 40 49.0 - 829

+ Membrane 31 77.6 45.0 194

+ Membrane & MEA 30 74.7 42.3 222

+ Absorption (MEA) 29 74.0 35.0 116

+ Cryogenics - - - -

+ Adsorption PSA 28 114.0 84.0 57

+ Adsorption TSA 29 179.0 264.0 335

The following articles appeared in Proceedings of the Advanced Coal-Based Power and
Environmental Systems ’98 Conference, Morgantown, July 21-23, 1998.

♦ Lackner, Klaus S. et al, “Mineral Carbonates as Carbon Dioxide Sinks.”   (The authors
are from Los Alamos National Laboratory, Los Alamos, NM  87544.)

In contrast to a generally held belief, carbon dioxide is not the lowest energy state of carbon.
Instead the formation of carbonates from carbon dioxide and many common magnesium or calcium
bearing silicate minerals is exothermic and thermodynamically favored.  Consequently, CO2, is not the
unavoidable end product of combustion.  On geological time scales mineral carbonation happens
spontaneously and represents an important part of the overall carbon cycle.  We plan to accelerate this
natural process in an industrial setting to the point that it can absorb anthropogenic CO2 emission.

We are developing an industrial process that binds CO2 in an exothermic reaction.  The result is a
thermodynamically stable and environmentally benign carbonate formed from readily available mineral
rocks like serpentinite or peridotite.  These magnesium silicates ores are rich in magnesium; they are
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chemically reactive and are readily accessible in quantities that far exceed even the most optimistic
estimate of coal reserves.  One promising implementation is based on an HCl extraction in which
magnesium is obtained as MgCl2.  HCl is quantitatively recovered while MgCl2 is transformed into
Mg(OH)2.  The hydroxide is carbonated in a gas-solid reaction that provides the energy consumed in
recovering the HCl.  The overall process is exothermic and our goal is process design that does not
require external supply of energy.  We are also considering direct carbonation of serpentinite rock.  If
successful, the latter process would be a net energy producer.

♦ Doctor, Richard D.  et al, “Hydrogen Production and Carbon Dioxide Recovery from
KRW Oxygen-Blown Gasification.”   (The authors are from Argonne National Laboratory,
Argonne, IL 60439.)

An oxygen-blown (Kellogg-Rust-Westinghouse) KRW coal-gasification plant producing hydrogen,
electricity, and supercritical CO2, was studied in a full-energy cycle analysis extending from the coal
mine to the final destination of the gaseous product streams.  A location in the mid-western United
States 160 km from Old Ben #26 mine was chosen.  Three parallel gasifier trains, each capable of
providing 42% of the plant’s 413.5 MW nominal capacity consume 3,700 metric tonnes/stream day of
Illinois #6 coal from this mine.  The plant produces a net of 151 MW of power for sale.  At an 85%
capacity factor, the plant also produces 3.7 million standard cubic m/day of 99.999% purity hydrogen.
This is sent 100 km by pipeline at 34 bars, and 2.7 million standard cubic m/day of supercritical CO2 at
143 bars, which is sequestered in enhanced oil recovery 500 km away.

♦ Adams , E. Eric et al “Ocean Sequestration of Carbon Dioxide.”  (The authors are from
MIT Energy Laboratory, Cambridge, MA 02139.)

The ocean contains 40,000 GtC (Billion tonnes of carbon) compared with annual worldwide
anthropogenic emissions of about 6 GtC.  Discharging CO2 directly to the ocean would accelerate the
ongoing, but slow, natural processes by which over 90% of present-day emissions are currently entering
the ocean indirectly and would reduce both peak atmospheric CO2 concentrations and their rate of
increase.

The issues:

− Impact on the marine organism
− Sequestration efficiency.  That is, what is the residence time of the injected CO2?

♦ Gupta, Neeraj, et al, “Feasibility of Long Term Carbon Dioxide Storage in Deep Saline
Formation.”  (The authors are from Battelle Memorial Institute, Columbus, OH 43201.)

Deep aquifer sequestration of carbon dioxide, generated from power plant and other industrial
emissions, is being evaluated as one of the potential options for the reduction of atmospheric greenhouse
gas emissions.  The major advantages of using deep aquifers are that the disposal facilities can be
located close to the sources.  It is a long –term/permanent sequestration option, because a large fraction
of the injected CO2 may be fixed into the aquifer by dissolution or mineralization.  The major limitations
include the potentially high cost, the risk of upward migration, and the public perception of risk.  Most
of the cost is due to the need to separate CO2 from other flue gases, rather than the actual cost of
disposal.
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Aquifer disposal involves finding geologically suitable formations for sequestering large amounts of
CO2 for a long period, without a significant environmental risk at a reasonable cost.  Usually such
aquifers are deep, regionally extensive, filled with saline waters, and separated from freshwater and
other formations of economic interest by low permeability cap-rock.  For CO2 disposal applications, a
minimum depth of 800 meters (1150 psia) is required to maintain the pressure and temperature for
retaining CO2 in a dense supercritical phase.  Other siting criteria include detailed evaluation of geologic,
hydro-geologic, geo-chemical, and seismic issues.

It is worth noticing that hazardous and non-hazardous liquid waste and acid gas disposal in deep
sedimentary formations is well established practice.  As an example, in Ohio more than 35 million metric
tonnes of waste (88% of which are hazardous) has been injected in wells at class I facilities.  Much
greater amounts have been injected in other types of injection wells such as the oil and gas drilling
related wells.  There are also numerous facilities for storage of natural gases in depleted oil and gas
reservoirs.  The only current facilities for aquifer disposal of CO2 is the offshore injection well at
Sliepner Vest in the North Sea in Norway, operated by Statoil.  The data and experience obtained from
the existing deep-waste disposal facilities and from the Sliepner Vest site form a strong foundation for
further research and development on CO2 responsible for this behavior.  This would also not be
desirable for the same reasons mentioned.  [There seems to be something missing here.

It seems, somehow, there are no cracks or other structural defects which could cause the gas
leakage. ]

♦ Byrer, C. W., et al, “Carbon Dioxide Sequestration Potential in Coal-bed Deposits.”
(The authors are from USDOE, FETC, Morgantown, WV 26507)

The concept of using coal deposits for CO2 sequestration while enhancing or initiating methane
production from the coal-beds may be a viable near-term economic system for industry consideration.
…  Estimated coal resources in the US total 6 trillion tons to depth of 6,000 feet with 90% of this
amount considered unmineable because it is not economically feasible with current technology.  The
unmineable coals represent a widely dispersed potential sink for CO2, and at the same time, a significant
potential source of additional natural gas.

During the last decade, coal-bed methane has been commercially produced in many of the coal-
bearing countries, most notably, the U.S. and Australia.  More than one trillion cubic feet (Tcf) per year
of coal-bed methane is now produced in the U.S., meeting about 5% of the total natural gas demand.
Coal-bed  methane resources in the U.S. total over 400Tcf of which more than 15 Tcf are classified as
proved reserves.

During this period, industry proprietary research has shown that the recovery of coal bed methane
can be enhanced by the injection of CO2 via vertical wells into coal deposits.  Coal has a 2:1 sorption
selectivity for CO2 over CH4.  Sequestering CO2 emissions into unmineable coal-beds potentially can
be a viable geological disposal option while significantly enhancing the production of coal-bed methane
as an energy source.

Worldwide coal resources with a high affinity for CO2 may be an attractive natural sink for
sequestering emissions of CO2 as disposal options are evaluated.
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Appendix B
Equipment List, CO2 Removal by MEA Absorber/Stripper

(1 of 6 Trains)

Vessels/Tanks
Absorber
Number required 1
Fluids handled MEA, flue gas
Orientation, vertical/horizontal Vertical
Operating temperature, °F 155
Operating pressure, psia 19.7
Inside diameter, ft 13.75
Total height, ft 58
Number of actual trays 18
Material of lower 1/3 of shell SS
Material of upper 2/3 of shell CS
Material of trays CS
Stripper
Number required 1
Fluids handled MEA, CO2

Orientation, vertical/horizontal Vertical
Operating temperature, °F 246
Operating pressure, psia 24.7
Inside diameter, ft 14
Total height, ft 58
Number of actual trays 18
Material of shell SS
Material of trays SS
Gas-Liquid Separator
Number required 1
Fluid handled CO2, water
Orientation, vertical/horizontal Vertical
Operating temperature, °F 95
Operating pressure, psia 19.0
CO2 flow rate, lb/h 42,893
Water flow rate, lb/h 41,559
Inside diameter, ft 4.0
Height, ft 11.0
Material CS
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MEA Make up Tank

Number required 1
Fluid handled 100% MEA
Orientation, vertical/horizontal Vertical
Operating temperature, °F 60
Operating pressure, psia 14.7
Holdup time, days 30
Tank inside diameter, ft 8
Tank height, ft 23
Material CS

Heat Exchangers

After Cooler

Number required 1
Number of shells per heat exchanger 1
Heat duty, million Btu/h 1.9
Tubeside fluid Water
Shellside fluid Flue gas
Tubeside inlet temperature, °F 63
Tubeside exit temperature, °F 83
Tubeside flow rate, lb/h 95,000

Tubeside operating pressure, psia 75

Shellside inlet temperature, °F 175
Shellside exit temperature, °F 143
Shellside flow rate, lb/h 235,379
Shellside operating pressure, psia 19.7
Shell inside diameter, in. 41
Tube length, ft 14
Heat transfer area, ft2/shell 1,246
Total heat transfer area, ft2/heat exchanger 1,246
Shell material SS
Tube material SS
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MEA Cooler

Number required 1
Number of shells per heat exchanger 1
Heat duty, million Btu/h 46.8
Tubeside fluid Lean MEA
Shellside fluid Water
Tubeside inlet temperature, °F 184
Tubeside exit temperature, °F 95
Tubeside flow rate, lb/h 597,806
Tubeside operating pressure, psia 24.7
Shellside inlet temperature, °F 63
Shellside exit temperature, °F 83
Shellside flow rate, lb/h 2,340,000
Shellside operating pressure, psia 75
Shell inside diameter, in. 52
Tube length, ft 12
Heat transfer area, ft2/shell 4,080
Total heat transfer area, ft2/heat exchanger 4,080
Shell material CS
Tube material CS
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MEA/MEA Exchanger

Number required 1
Number of shells per heat exchanger 1
Heat duty, million Btu/h 31.9
Tubeside fluid Lean MEA
Shellside fluid Rich MEA
Tubeside inlet temperature, °F 246
Tubeside exit temperature, °F 187
Tubeside flow rate, lb/h 588,472
Tubeside operating pressure, psia 24.7
Shellside inlet temperature, °F 149
Shellside exit temperature, °F 200
Shellside flow rate, lb/h 631,378
Shellside operating pressure, psia 24.7
Shell inside diameter, in. 55
Tube length, ft 16
Heat transfer area, ft2/shell 6,081
Total heat transfer area, ft2/heat exchanger 6,081
Shell material SS
Tube material SS
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Condenser

Number required 1
Number of shells per heat exchanger 2
Heat duty, million Btu/h 115.9
Tubeside fluid Cooling water
Shellside fluid Gas
Tubeside inlet temperature, °F 63
Tubeside exit temperature, °F 83
Tubeside flow rate, lb/h 5,795,000
Tubeside operating pressure, psia 75
Shellside inlet temperature, °F 212
Shellside exit temperature, °F 95
Shellside flow rate, lb/h 84,452
Shellside operating pressure, psia 20.7
Shell inside diameter, in. 67
Tube length, ft 24
Heat transfer area, ft2/shell 13,882
Total heat transfer area, ft2/heat exchanger 27,763
Shell material SS
Tube material SS
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Reboiler

Number required 1
Number of shells per heat exchanger 1
Heat duty, million Btu/h 174
Tubeside fluid Steam
Shellside fluid Strip. Bottoms
Tubeside inlet temperature, °F 245
Tubeside exit temperature, °F 245
Tubeside flow rate, lb/h 235,340
Tubeside operating pressure, psia 50
Shellside inlet temperature, °F 281
Shellside exit temperature, °F 281
Shellside flow rate, lb/h 188,270
Shellside operating pressure, psia 24.7
Shell inside diameter, in. 86
Tube length, ft 24
Heat transfer area, ft2/shell 20,358
Total heat transfer area, ft2/heat exchanger 20,358
Shell material SS
Tube material SS
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Pumps/Blowers

Booster

Number required 1
Number of operating boosters 1
Number of spare boosters 0
Booster type Centrifugal
Fluid handled Flue gas
Flue gas flow rate, scfm 51,790
Flue gas design flow rate, scfm 56,970
Flue gas inlet temperature, °F 131
Flue gas inlet pressure, psia 14.7
Flue gas discharge pressure, psia 20
Fractional efficiency, E 0.90
BHP 1,413
Motor horsepower, HP 1,700
Impeller material SS
Casing material SS

Rich-MEA Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled Rich MEA
Fluid flow rate, lb/h 631,378
Specific gravity of fluid 0.94
Volumetric flow rate, gpm 1,341
Design flow rate, gpm 1,470
Fluid inlet temperature, °F 149
Fluid inlet pressure, psia 19
Total pressure difference, psia 70
Fractional efficiency, E 0.80
BHP 75
Motor horsepower, HP 100
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Impeller material SS
Casing material SS

Lean-MEA Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled Lean MEA
Fluid flow rate, lb/h 597,806
Specific gravity of fluid 1.02
Volumetric flow rate, gpm 1,168
Design flow rate, gpm 1,280
Fluid inlet temperature, °F 184
Fluid inlet pressure, psia 24.7
Total pressure difference, psia 61
Fractional efficiency, E 0.80
BHP 57
Motor horsepower, HP 75
Impeller material SS
Casing material SS

Condensate Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled Condensate
Fluid flow rate, lb/h 41,559
Specific gravity of fluid 0.99
Volumetric flow rate, gpm 84
Design flow rate, gpm 90
Fluid inlet temperature, °F 95
Fluid inlet pressure, psia 19.0
Total pressure difference, psia 68
Fractional efficiency, E 0.8
BHP 5.4
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Motor horsepower, HP 7.5
Impeller material SS
Casing material SS

MEA Make up Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled 100% MEA
Fluid flow rate, lb/h 76
Specific gravity of fluid 1.02
Volumetric flow rate, gpm 0.15
Design flow rate, gpm 0.16
Fluid inlet temperature, °F 60
Fluid inlet pressure, psia 14.7
Fluid discharge pressure: 30.0
Fractional efficiency, E 0.50
BHP 0.01
Motor horsepower, HP 0.50
Impeller material CS
Casing material CS
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Appendix C
Equipment List, CO2 Removal by UCARSOL Absorber/Stripper

(1 of 5 Trains)

Vessels/Tanks

Absorber

Number required 1
Fluids handled Solvent, flue gas
Orientation, vertical/horizontal Vertical
Operating temperature, °F 145
Operating pressure, psia 59.7
Inside diameter, ft 14.5
Total height, ft 63
Number of actual trays 20
Material of lower 1/3 of shell SS
Material of upper 2/3 of shell CS
Material of trays CS

Stripper

Number required 1
Fluids handled Solvent, CO2

Orientation, vertical/horizontal Vertical
Operating temperature, °F 230
Operating pressure, psia 25.7
Inside diameter, ft 14.5
Total height, ft 63
Number of actual trays 20
Material of shell SS
Material of trays SS

Gas-Liquid Separator

Number required 1
Fluid handled CO2, water
Orientation, vertical/horizontal Vertical
Operating temperature, °F 95
Operating pressure, psia 19
CO2 flow rate, lb/h 53,360
Water flow rate, lb/h 17,523
Inside diameter, ft 5
Height, ft 8
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Material CS
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Solvent Make up Tank

Number required 1
Fluid handled 100% Solvent
Orientation, vertical/horizontal Vertical
Operating temperature, °F 60
Operating pressure, psia 14.7
Holdup time, days 30
Tank inside diameter, ft 14
Tank height, ft 50
Material CS

Heat Exchangers

After Cooler

Number required 1
Heat duty, million Btu/h 41.8
Tubeside fluid Water
Shellside fluid Flue gas
Tubeside inlet temperature, °F 63
Tubeside exit temperature, °F 83
Tubeside flow rate, lb/h 2,092,000
Tubeside operating pressure, psia 75
Shellside inlet temperature, °F 428
Shellside exit temperature, °F 132
Shellside flow rate, lb/h 282,457
Shellside operating pressure, psia 60.7
Total heat transfer area, ft2 13,552
Shell material SS
Tube material SS
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Lean Solvent Cooler

Number required 1
Heat duty, million Btu/h 54.9
Tubeside fluid Lean solvent
Shellside fluid Water
Tubeside inlet temperature, °F 196.6
Tubeside exit temperature, °F 120
Tubeside flow rate, lb/h 804,224
Tubeside operating pressure, psia 117
Shellside inlet temperature, °F 63
Shellside exit temperature, °F 83
Shellside flow rate, lb/h 2,745,000
Shellside operating pressure, psia 75
Total heat transfer area, ft2 3,328
Shell material CS
Tube material CS

Lean/Rich Exchanger

Number required 1
Heat duty, million Btu/h 43.3
Tubeside fluid Lean solvent
Shellside fluid Rich solvent
Tubeside inlet temperature, °F 254.2
Tubeside exit temperature, °F 196.6
Tubeside flow rate, lb/h 804,224
Tubeside operating pressure, psia 117
Shellside inlet temperature, °F 160
Shellside exit temperature, °F 219.2
Shellside flow rate, lb/h 854,389
Shellside operating pressure, psia 88
Total heat transfer area, ft2 9,028
Shell material SS
Tube material SS
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Condenser

Number required 1
Heat duty, million Btu/h 19.6
Tubeside fluid Cooling water
Shellside fluid Gas
Tubeside inlet temperature, °F 63
Tubeside exit temperature, °F 83
Tubeside flow rate, lb/h 978,000
Tubeside operating pressure, psia 75
Shellside inlet temperature, °F 202.7
Shellside exit temperature, °F 120
Shellside flow rate, lb/h 70,883
Shellside operating pressure, psia 25.7
Total heat transfer area, ft2 3,733
Shell material SS
Tube material SS

Reboiler

Number required 1
Heat duty, million Btu/h 78.64
Tubeside fluid Steam
Shellside fluid Stripper bottoms
Tubeside inlet temperature, °F 298
Tubeside exit temperature, °F 298
Tubeside flow rate, lb/h 86,228
Tubeside operating pressure, psia 64.7
Shellside inlet temperature, °F 254
Shellside exit temperature, °F 255
Shellside flow rate, lb/h 804,224
Shellside operating pressure, psia 27.7
Total heat transfer area, ft2 7,628
Shell material SS
Tube material SS
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Pumps/Compressors

Compressor

Number required 1
Number of operating boosters 1
Number of spare boosters 0
Booster type Centrifugal
Fluid handled Flue gas
Flue gas flow rate, scfm 62,148
Flue gas design flow rate, scfm 68,360
Flue gas inlet temperature, °F 131
Flue gas inlet pressure, psia 14.7
Flue gas discharge pressure, psia 60.7
Fractional efficiency, E 0.9
BHP 9,705
Motor horsepower, HP 11,000
Impeller material SS
Casing material SS

Rich-Solvent Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled Rich solvent
Fluid flow rate, lb/h 801,537
Specific gravity of fluid 1.03
Volumetric flow rate, gpm 1,560
Design flow rate, gpm 1,720
Fluid inlet temperature, °F 161
Fluid inlet pressure, psia 59.7
Total pressure difference, psia 88
Fractional efficiency, E 0.8
BHP 92
Motor horsepower, HP 125
Impeller material SS
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Casing material SS
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Lean-Solvent Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled Lean solvent
Fluid flow rate, lb/h 694,980
Specific gravity of fluid 0.891
Volumetric flow rate, gpm 1,560
Design flow rate, gpm 1,720
Fluid inlet temperature, °F 197
Fluid inlet pressure, psia 28
Total pressure difference, psia 62
Fractional efficiency, E 0.8
BHP 78
Motor horsepower, HP 100
Impeller material SS
Casing material SS

Condensate Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled Condensate
Fluid flow rate, lb/h 17,348
Specific gravity of fluid 0.993
Volumetric flow rate, gpm 35
Design flow rate, gpm 40
Fluid inlet temperature, °F 95
Fluid inlet pressure, psia 25
Total pressure difference, psia 95
Fractional efficiency, E 0.8
BHP 2.8
Motor horsepower, HP 5
Impeller material SS
Casing material SS
Casing material CS
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Solvent Make up Pump

Number required 2
Number of operating pumps 1
Number of spare pumps 1
Pump type Centrifugal
Fluid handled 100% solvent
Fluid flow rate, lb/h 558
Specific gravity of fluid 1
Volumetric flow rate, gpm 1
Design flow rate, gpm 1
Fluid inlet temperature, °F 60
Fluid inlet pressure, psia 14.7
Fluid discharge pressure: 44.7
Fractional efficiency, E 0.5
BHP 0.04
Motor horsepower, HP 0.50
Impeller material CS
Casing material CS
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Appendix D
Equipment List, CO2 Removal by Cryogenic Cooling

(1 of 6 Trains)

Vessels/Tanks

Feed Flue Gas Dryer System

Number required 12
Fluid handled Flue gas/adsorb.
Orientation, vertical/horizontal Vertical
Operating temperature, °F 70
Operating pressure, psia 15.2
Flue gas in-flow rate, lb/h 214,720
Flue gas out-flow rate, lb/h 211,978
Water adsorption rate, lb/h 2,742
Inside diameter, ft 10
Height, ft 6
Material SS

Product FG-Liquid CO2 Separator-A

Number required 1
Fluid handled FG/liquid CO2

Orientation, vertical/horizontal Vertical
Operating temperature, °F -180
Operating pressure, psia 15.2
Liquid CO2 flow rate, lb/h 41,941
Product flue gas flow rate, lb/h 170,016
Inside diameter, ft 8
Height, ft 8
Material CS
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Product FG-Liquid CO2 Separator-B

Number required 1
Fluid handled Empty
Orientation, vertical/horizontal Vertical
Operating temperature, °F -180
Operating pressure, psia 15.2
Liquid CO2 flow rate, lb/h Empty
Product flue gas flow rate, lb/h Empty
Inside diameter, ft 12
Height, ft 12
Material CS

Heat Exchangers

After Cooler

Number required 1
Number of shells per heat exchanger --
Heat duty, million Btu/h 24.9
Tubeside fluid Cooling water
Shellside fluid Flue gas
Tubeside inlet temperature, °F 63
Tubeside exit temperature, °F 83
Tubeside flow rate, lb/h 1,243,070
Tubeside operating pressure, psia 61
Shellside inlet temperature, °F 154
Shellside exit temperature, °F 70
Shellside flow rate, lb/h 235,381
Shellside operating pressure, psia 16.7
Shell inside diameter, in. --
Tube length, ft --
Heat transfer area, ft2/shell --
Total heat transfer area, ft2 16,364
Shell material SS
Tube material SS
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CO2 Condenser

Number required 1
Number of shells per heat exchanger --
Heat duty, million Btu/h 12.70
Tubeside fluid Liquid nitrogen
Shellside fluid Feed flue gas
Tubeside inlet temperature, °F -315
Tubeside exit temperature, °F -185
Tubeside flow rate, lb/h 107,529
Tubeside operating pressure, psia 16
Shellside inlet temperature, °F -175
Shellside exit temperature, °F -180
Shellside flow rate, lb/h 211,957
Shellside operating pressure, psia 22
Shell inside diameter, in. --
Tube length, ft --
Heat transfer area, ft2/shell --
Total heat transfer area, ft2 5,170
Shell material SS
Tube material Aluminum
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FG/FG Exchanger

Number required 1
Number of shells per heat exchanger --
Heat duty, million Btu/h 7.7
Tubeside fluid Product flue gas
Shellside fluid Feed flue gas
Tubeside inlet temperature, °F -180
Tubeside exit temperature, °F 0
Tubeside flow rate, lb/h 170,016
Tubeside operating pressure, psia 15.2
Shellside inlet temperature, °F 70
Shellside exit temperature, °F -175
Shellside flow rate, lb/h 128,537
Shellside operating pressure, psia 16.2
Shell inside diameter, in. --
Tube length, ft --
Heat transfer area, ft2/shell --
Total heat transfer area, ft2 20,700
Shell material SS
Tube material Aluminum
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N2/FG Exchanger

Number required 1
Number of shells per heat exchanger --
Heat duty, million Btu/h 5.0
Tubeside fluid N2 gas
Shellside fluid Feed flue gas
Tubeside inlet temperature, °F -185
Tubeside exit temperature, °F 0
Tubeside flow rate, lb/h 107,529
Tubeside operating pressure, psia 15.7
Shellside inlet temperature, °F 70
Shellside exit temperature, °F -175
Shellside flow rate, lb/h 83,420
Shellside operating pressure, psia 16.2
Shell inside diameter, in. --
Tube length, ft --
Heat transfer area, ft2/shell --
Total heat transfer area, ft2 10,700
Shell material SS
Tube material Aluminum
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Pumps/Blowers

Blower

Number required 1
Number of operating blowers 1
Number of spare blowers 0
Blower type Centrifugal
Fluid handled Flue gas
Flue gas flow rate, scfm 51,790
Flue gas design flow rate, scfm 56,970
Flue gas inlet temperature, °F 131
Flue gas inlet pressure, psia 14.7
Flue gas discharge pressure, psia 16.7
Fractional efficiency, E 0.9
BHP 601
Motor horsepower, HP 750
Impeller material SS
Casing material SS


