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ABSTRACT 

The performance of the third type of catalytic membrane reactor configuration, with catalyst 

deposited in the membrane and no catalyst or inert materials in the tube side, was evaluated. The C, 
selectivity obtained was about 10% due to the gas phase reaction in the empty tube side of the 

reactor. 

1 

The membrane reactor with an oxygen-permeable dense membrane has been built. The use 

of a dense membrane will eliminate the loss of hydrocarbon from the tube side to the shell side, as 

observed in the Vycor glass membrane reactor. Also, air can be used as the oxygen source without 

contaminating the product. L a g 0  was synthesized and will be used as the catalyst for the dense 

membrane reactor. This catalyst was reported in the literature to show significant improvement of C, 

selectivity and yield for oxidative coupling of methane in a packed-bed reactor by using the operation 

mode of staged-feed of oxygen. 

A reactor mode for methane oxidative coupling in reactors with both distributed oxygen feed 

and C,  product removal was developed based on the general model of cross-flow reactors reported 

in the last quarterly report. A distributed oxygen feed could give rise to much higher C, yield than the 

co-feed reactor as long as the space time is long enough. In the case of a two-membrane reactor, 

where oxygen is supplied by one membrane and products are removed through the other membrane, 

a high separation factor of C ,  product to methane for the product-removal membrane is critical to 

achieve high C, yield. 
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PROJECT OBJECTIVE 

The goal of this research is to improve the hydrocarbon yield from oxidative coupling of 

methane by using a catalytic inorganic membrane reactor. A specific target is to achieve conversion 

of methane to C ,  hydrocarbons at very high selectivity and relatively higher yields than in fixed bed 

reactors by controlling the oxygen supply through the membrane. A membrane reactor has the 

advantage of precisely controlling the rate of delivery of oqgen to the catalyst. This property permits 

balancing the rate of oxidation and reduction of the catalyst. In addition, membrane reactors control 

the concentration of gas phase oxygen, thus reducing non-selective gas phase reactions, which are 

believed to be a main route for the formation of COX (CO and CO,) products. Such gas phase 

reactions are a cause for decreased selectivity in oxidative coupling of methane in conventional flow 

reactors. Membrane reactors could also produce higher product yields by providing better distribution 

of the reactant gases over the catalyst than the conventional plug flow reactors. 
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QUARTERLY REPORT 

Report for the Period : 9125195-12/24/95 

1. Catalytic ExDeriment with Porous Alumina Membrane Reactor 

During this period we conducted a study to evaluate the third type of catalytic membrane 

reactor which was originally proposed. The membrane is composed of a y-alumina material with 40 

Angstrom pore diameter, which was modified with lanthanum ions to stabilize the membrane and 

reduce its permeability. The reason for selecting this type of membrane is to take advantage of its 

inherently superior mechanical stability under thermal stress conditions. 

, 

One of the proposed reactor configurations is the porous membrane reactor with catalyst 

deposited both on the surface and inside the membrane. Our gamma-alumina membrane has nearly 

the same pore size but a higher mechanical strength than the 50 A-Vycor glass membrane, which was 

used in the previous studies. However, the thickness of the top layer of the unmodified gamma 

alumina membrane is too thin (6 = 1.5-2 pm) to maintain a pressure drop high enough to control the 

oxygen flow across the membrane. Also, gamma alumina is subject to phase transformation at high 

temperatures. Previous experiments showed that the L%03 modified gamma alumina membranes 

could retain their original permeances after being heated at 900 "C for 40 hours. 

A 50 cm long gamma alumina membrane was modified by L%03 deposition and doped with 

a L a g 0  catalyst on the membrane surface. Neither catalyst nor quartz sand were packed in the tube 

side of the reactor, to avoid the by-passing of the reaction stream fi-om the tube side to the shell side, 

due to the pressure build-up in the packed bed. The outlet of the shell side was blocked to reduce the 

hydrocarbon loss in the shell side. The reactor was operated at 1 atm and 700-800 "C with a methane 

to oxygen flow rate of 2 to 1. The C, yields obtained were less than 4%. Table 1 gives an example 

of these runs. 
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Table 1. Experimental results of a gamma alumina membrane reactor 
I I I 

Pressure 1 atm 

Temperature 776 "C 

Methane flow rate (tube side) 2.80 mVmh 

Oxygen flow rate (shell side) 1.41 d m i n  

Helium flow rate (tube side) 50.0 d m i n  

Methane conversion 37.4 Yo 

C, selectivity 10.4 Yo 

C, yield 3.89 Yo 
s 

The low C, yields may have resulted from the gas phase oxidations of hydrocarbons to CO 

and COB which become more important when the tube side is un-packed. Packing quartz sand in the 

tube side of the reactor may reduce the gas phase reactions and, however, it could cause the by- 

passing problem for this type of membrane reactor. 

2. Dense Membrane Reactor 

The dense membrane reactor using an oxygen-permeable dense membrane for methane 

oxidative coupling has been built. A quartz tube which serves as the shell side was combined with the 

oxygen conducting perovskite dense membrane tube to form a shell-and-tube type reactor for use in 

our studies on methane coupling. The use of a dense membrane, which is non-permeable to any 

species except oxygen, will eliminate the loss of hydrocarbons from the reaction side to the oxygen- 

feed side. The two ends of the dense membrane tube were connected to quartz tubes by Pyrex rings. 

The reactor was heated to about 1000 "C in a helium atmosphere to make the seal between the 

membrane and the quartz tube. 
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L a g 0  catalyst has been prepared as the coupling catalyst. Mg(OH), was first prepared by 

precipitation fiorn aqueous Mg(N03), by NH40H. Then the Mg(OH), was impregnated with La(NO), 

solution. The X-ray diffraction pattern of the catalyst synthesized is shown in Figure 1. The major 

component was magnesium oxide (cubic). Other unresolved peaks were excluded from any forms of 

lanthanum oxide, magnesium carbonate, and magnesium hydroxide. It was reported that this catalyst 

showed a si@cant improvement in C ,  yield by using a distributed oxygen feed reactor over that of 

a conventional co-feed reactor [I]. 

3. Reactor Modeling 

Based on the general model of cross-flow reactors reported in the last quarterly report, a 

reactor model for methane oxidative coupling with a distributed feed of oxygen was developed, and 

comparison studies were carried out to analyze its performance vs a co-feed reactor in terms of 

reactor configuration, contact time, temperature, pressure, and dilution ratio. For each of the reactor 

configurations considered, the overall methane to oxygen feed ratio was optimized such that the C ,  

yield at the reactor outlet was maximized. Modeling results showed that distributed feed oxygen 

could give rise to much higher C ,  yields than the co-feed reactor, as long as the ratio of catalyst 

loading to initial flow rate (W/F) was sufficiently high. Although reactors with optimally distributed 

oxygen feed give higher C ,  yields than evenly distributed ones, the improvement is not significant. 

In the case where the strategy of C,  product removal through the reactor wall is employed, low 

permeability of methane is critical to the achievement of high C, yield. A manuscript has been written 

and is attached to this report in Appendix C .  

The two modeling studies on (a) the distributed oxygen feed in catalytic membrane reactors, 

and (b) the continuous separation of ethylene/ethane from the product mixture in membrane reactors 

come to profound conclusions as to the optimum strategy for high yield methane oxidative coupling. 

A membrane reactor can outpeflorm a packed bed reactor, but high C ,  yields are not predicted under 

normal operating conditions. High C, yields are predicted by using exceptionally high contact times, 
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or high methane concentrations without dilution gas, which would represent an explosion regime 

should the membrane fracture. In addition, high reactor IengtWdiameter ratio is required to reduce 

the back-mixing along the reactor length. Industry could not operate a plant under either set of high 

yield conditions. However, the modeling studies on continuous C, removal predict a high yield 

process which would be commercially acceptable provided technology can be developed to separate 

C,'s from the product stream continuously. 

4. Publications 

Two papers were presented at the 1995 AIChE Annual Meeting at Miami Beach: Theoretical 

Modeling and Experimental Studies on Oxidative Coupling of Methane Using Porous Membrane 

Reactors (abstract attached in Appendix A) and Modification of Porous Alumina Membranes 

(abstract attached in Appendix B). DOE support was acknowledged in both papers. 

FUTURE WORK 

Before running the catalytic experiment, the oxygen permeability through the dense membrane 

will be measured. Also, a catalytic experiment with a conventional co-feed reactor and the blank run 

with a membrane reactor containing no catalyst will be conducted as a basis for the comparison with 

the membrane reactor with catalyst. 

In order to test the efficacy of the dense membranes for improving hydrocarbon selectivity 

in methane coupling, two configurations for contacting the reactants with the catalyst are proposed 

to be studied in these reactors. In the first configuration, the methane coupling catalyst is pelletized 

and packed on the tube side of the shell-and-tube type membrane reactor, with the dense membrane 

serving as the tube of the reactor. Oxygen permeates through the membrane and reacts with the 

, 
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methane feed in the presence of the catalyst on the tube side. The second configuration has the 

methane coupling catalyst coated on the inner walls of the dense membrane tube. The packed catalyst 

bed configuration allows comparisons of the dense membrane reactor with our earlier studies on 

packed catalyst beds in porous Vycor membrane reactors. The coated catalyst tube configuration will 

allow immediate contact of the membrane with the catalyst and thus might result in higher 

hydrocarbon selectivity for methane coupling. 

Reference 

[l] V.R. Choudhary, S.T. Chaudhari, A.M. Rajput, and V.H. Rane, J. Chem. SOC., Chem. Commun., 

1526-1527 (1989). 
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APPENDICES 

Appendix A: 

Theoretical modeling and Experimental Studies on Oxidative Coupling of Methane Using 

Porous Membrane Reactors : (Presented at 1995 AIChE Annual Meeting, Miami Beach, FL, Nov. 

12-17, 1995, Paper No. 65h) 

i 

Porous membrane reactors enable higher selectivities in reactions where the control of feed supplied 

through the membrane can benefit the desired product formation. For oxidative coupling of methane, 

control of oxygen flow into a packed bed of catalyst allows higher hydrocarbon selectivities at 

moderately higher conversions. We have employed 40 Angstrom pore diameter Vycor as the 

membrane material in a shell-and-tube type membrane reactor to study the effect of metered oxygen 

flow on the oxidative coupling of methane. Modeling studies were performed to compare the metered 

oxygen flow in membrane reactors with the conventional fixed-bed reactors in terms of hydrocarbon 

selectivity and yield. 

Experimental studies were aimed at finding optimum conditions for membrane reactor operation and 

comparing the performance of Vycor membrane reactors with the conventional, co-feed, packed-bed, 

non-porous reactors. By maintaining a high pressure on the shell side, oxygen flow as metered along 

the length of the catalyst bed present on the tube side of a porous membrane reactor. Methane diluted 

with helium was feed over the Sm,O, catalyst bed. Reactor modeling studies were performed which 

indicate that metering the oxygen supply along the length of the packed catalyst bed can be beneficial 

for selectivity in the oxidative coupling of methane. We have obtained higher C, selectivities in the 

membrane reactors compared with the conventional nonporous quartz tube packed-bed reactors at 

equivalent flow conditions and contact time. 
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Appendix B 

Modification of Porous Alumina Membranes : (Presented at 1995 AIChE Annual Meeting, Miami 

Beach, FL, Nov. 12-17, 1995. Paper No. 242.8aj) 

Gamma alumina begins to undergo phase transformations at temperatures above 700 "C to form 8 -, 

e-, and finally a-alumina. This limits its uses in high temperatures. Although a-alumina has good 

thermal stability, its pore sizes (>lo00 A) are too big to be used in catalytic membrane reactors. In 

this study, y-alumina membrane was modified by lanthanum nitrate to stabilize its pore structure and 

ct -alumina membrane was modified by pore-filling with LaAlO, nano-size particles synthesized by 

high pressure cavitation technique. The gamma alumina membrane tube used has a top-layer pore 

diameter of 40 Angstrom and thickness of about 1.5 pm. Both unmodified and modified gamma 

membrane tubes were treated at 900 "C and their gas permeabilities were measured at room 

temperature. The gas permeability through the modfied membrane were almost unchanged after heat 

treatment at 900 "C for 50 hours. However the permeability of the fi-esh gamma alumina membrane 

increased about 10 times after the heat treatment at 900 "C for 9 hours. The XRD patterns of the top- 

layer of modified alumina membrane indicated that LaAIO, phase was formed, which resulted in the 

improved thermal stability. EDX analysis also showed that more lanthanum was deposited in the top- 

layer than the support and transition layer. After the modification, the permeability of the a-alumina 

membrane dropped about ten times. 
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Appendix C 

Analysis and ODtimization of Reactors with Distributed Feed of Oxyeen and Product Removal 

for Oxidative Coupline of Methane : 



'11 

ABSTRACT 

A cross-flow reactor model with distributed feed of oxygen and product removal for the 

oxidative coupling of methane ( 0 0  was developed, and comparison studies were carried out 

to analyze the different performance of reactors with different configurations in terms of contact 

time, temperature, pressure, dilution ratio, and permeability. For each of the reactor 

configurations considered, the overall methane to oxygen feed ratio was optimized such that the 

C ,  yield at the reactor outlet was maximized. Modeling results showed that distributed feed 

oxygen could give rise to much higher C ,  yields than the co-feed reactor, as long as the ratio of 

catalyst loading to initial methane flowrate was sufficiently high. Although reactors with 

optimally distributed oxygen feed give higher C ,  yields than evenly distributed ones, the 

improvement is not si@cant. In the case of a two-membrane reactor, where one membrane is 

used for oxygen feed and the other for C, product removal, higher C ,  yields could be obtained 

than in a single membrane reactor with distributed oxygen feed. However, if the membrane for 

C, product removal is also permeable to other species as well as to C ,  products, low permeability 

of methane is critical to the achievement of high C ,  yield. 
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INTRODUCTION 

Since the pioneering work of Keller and Bhasin (1 982), there has been tremendous interest in 

the oxidative coupling of methane to C ,  hydrocarbons, and extensive R&D efforts in this area 

have been made p e e  and Oyama, 1988; Anderson, 1989; Hutchings et al., 1989; Lunsford, 

1990; Dubois and Cameron, 1990; Amenomiya et al., 1990; Sanger and Smith, 1991; 

Sokolovskii and Mamedov, 1992; Wolf, 1992). It was estimated that a single-pass conversion 

of 35-37% and selectivity of 8 5 4 8 %  (equivalent to 30+% C, yield) are required to achieve 

commercial feasibilhy @Suo, 1992; Matherne and Culp 1992). High C, yield can be achieved by 

increasing methane conversion, C, selectivity, or both. Unfortunately, higher selectivity is usually 

obtained at lower conversion. Most of the effort devoted to the study of oxidative coupling of 

methane so far has been in catalyst characterization, reaction mechanism and catalyst screening. 

By now the periodic table has been visited extensively in catalyst screening studies, but the C, 

yields achieved are still less than 30%. 

Examination of the reaction orders in oxygen and methane in the kinetic expressions for different 

OCM catalysts reported in the literature (Lane and Wolf, 1988; Mirodatos and Martin, 1988; Doi 

et al., 1988; Miro et al, 1990; Tagawa and Imai, 1988; Hinsen et al., 1985; Carreiro et al., 1988; 

Asami et al., 1987; Lo et al., 1988; Emesh and Amenomiya, 1986; Tung and Lobban, 1992; 

Bartsch et al., 1991) showed that, except for the data by Bartsch et al. (1991), the reaction order 

with respect to methane for C, formation is always higher than that for COX formation, while the 

reaction order with respect to oxygen for C, formation is always lower than that for COX 

formation. This means that reactor configurations that maintain a high ratio of methane to 

oxygen concentration throughout the reactor should favor the desired C, formation reaction. The 

same conclusion may also be obtained by a thermodynamic analysis, that the relative amount of 

C, to COX increases with methane to oxygen ratio. Possible reactor configurations include a 

reactor with oxygen introduced at discrete feed points along the reactor length, and a membrane 

reactor with the wall of the membrane as a continuous oxygen distributor. 
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The first experimental study showing the beneficial effect of distributed oxygen feed on methane 

conversion and C, selectivity was done by Choudhq et al. (1989) in tubular reactors connected 

in series with L a g 0  as the catalyst. For a fixed overall ratio of methane to oxygen, the C, yield 

increased as the number of oxygen feed points increased. Similar results were obtained by Santos 

et al. (1993), that with an appropriate choice of reaction conditions the yields obtained with the 

distributed feed reactor were found to be higher than those with a single feed reactor. A three- 

stage reactor packed with Li/M@ catalyst was used by Matsura and Yoshida (1 992) to improve 

yield and 49% methane conversion and 60% C, hydrocarbon selectivity was obtained. Mleczko 

et al. (1993) studied both fixed and fluidized-bed reactors operated in two different modes: co- 

feed of CH, and 0, and distributed feed of 0, with three catalysts: PbOly-Al,O,, NaOWCaO, 

and La,03/Ca0. The distributed feed resulted in a marked increase of selectivity and yield. 

However, in another paper (Schweer et al., 1994), it was claimed that, when the operation mode 

of distributed oxygen feed was applied, no improvement of C, selectivity and yield compared to 

co-feed operation was achieved, and they concluded that the effectiveness of the distributed feed 

of oxygen depended mainly on the applied catalyst. A comparison study of various types of 

reactors for OCM by Do et al. (1995) showed that for the same total input of oxygen, the 

performances of a single-stage and a two-stage fluidized-bed reactor with interstage addition of 

oxygen were the same for different catalysts over a wide range of reaction conditions. Campbell 

and Ekstrom (1993) carried out OCM with a 5 stage distributed oxygen feed reactor and they 

did not conclude that distributed oxygen feed could significantly improve the C,, yield. Methane 

oxidative coupling in porous alumina membrane reactors prepared by modrfylng the porous 

alumina membrane with silica was studied by Santamaria and co-workers (Lafarga et al. 1994 

and Coronas et al. 1994) and C, selectivity higher than the conventional padked-bed reactor was 

obtained. Ramachandra et al. (1996) studied OCM by using a Vycor glass membrane reactor and 

they found that at the same methane conversion, the membrane reactor gave higher C, selectivity 

than a co-feed packed-bed reactor. 

Simulation studies by Santamaria et al. (1991 and 1992) indicate that the distributed oxygen feed 
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may significantly improve the yield to hydrocarbons in the OCM process. Reyes et al. (1993) 

developed a kinetic-transport model including both homogeneous and heterogeneous reactions 

for methane coupling. Staging the introduction of oxygen along the reactor length minimized the 

secondary oxidation reaction by lowering the local oxygen partial pressure and led to a slight 

increase in product yield. Wang and Lin (1995) analyzed OCM in dense oxide membrane 

reactors usmg a model based on equations that describe OCM kinetics on the membrane surface, 

oxygen permeation through the membrane, and mass transfer and reactions in a membrane CSTR 

or PFX. Modeling results show a possibility of achieving much higher C, yield (>70%) for OCM 

in the dense oxide membrane reactors than in the conventional packed-bed reactor. A simulation 

study by Cheng and Shuai (1995) showed that using a catalytic membrane reactor would greatly 

improve the selectivity and yield to C, hydrocarbons, compared with the co-feed operation. 

Another alternative way to increase the C, yield of the OCM process is to separate C, either by 

a cryogenic method or by adsorption, and recycle the unconverted methane (Sofranko and Jubin, 

1989; Edwards et al., 1992; Matherne and Culp, 1992). Hall and Myers (1994) studied the 

effects of product separation on the kinetics and selectivity of oxidative coupling of methane. By 

using a simulated countercurrent moving-bed chromatographic reactor (SCMBCR), Tonkovich 

et al. (1993) reported 50% C, yield with Sm,O, as catalyst. This reactor contained four reactor 

units which maintained a high ratio of methane to oxygen (50: 1) and four separation columns to 

remove the C, hydrocarbons from the unreacted methane and oxygen. In another paper (Jiang, 

et al., 1994), an ethylene yield up to 85% and a total C, yield up to 88% was achieved in a gas 

recycle electrocatalytic or catalytic reactor where the recycled gas passed continuously through 

a molecular sieve trap in the recycle loop. Although the C, separation outside the reactor with 

methane recycle can improve the C, yield, the processes involved may be too complicated to be 

economically feasible. In addition, the C, yields achieved by these processes are no longer the 

single-pass C, yield, which has to be higher than 30% to make OCM industrially viable. A 

membrane reactor with a membrane to selectively remove the C, products combines the reaction 

and separation in a single unit. This will simplify the process and improves the OCM reactor 



performances as well. 

All of the experimental and modeling studies mentioned above were carried out at the same 

methane to oxygen ratio or .fixed residence time for different types of reactors. Methane to 

oxygen ratio is an important parameter for the OCM process and only under optimal conditions 

will the comparison be reasonable and meaninghl. Therefore, the comparison of different reactor 

conligurations should be based on the optimal methane to oxygen ratio of each, which is also a 

fknction of residence time (or contact time) as well as dilution rate, temperature and pressure. 

So far, neither opt&ation in terms of methane to oxygen ratio and oxygen feed distribution nor 

a study regarding the removal of C, in a membrane reactor to achieve higher C, yield for OCM 

has been reported. 

In this paper a systematic modeling study of cross-flow reactors with distributed feed of oxygen 

and product removal is presented. The simulation study was focused on the effect of reactor 

configuration and oxygen feed distribution (rather than the flow pattern, transport properties, 

and catalyst characteristics, etc.) on the performance of the cross-flow reactors. The reactor 

configuration simulated in this study was a tubular reactor with methane fed at the inlet and 

oxygen along the reactor length. Any species may be removed fiom the reactor through a 

membrane. Different reactor configurations were compared in terms of maximum C, yield, and 

their overall feed ratios of methane to oxygen or oxygen feed distribution fbnctions were 

optimized so that the C, yield at the outlet of the reactor was maximized. 

MODELING 

Catalytic oxidative coupling of methane is a complex process and involves both surface and gas 

phase reactions occurring simultaneously (Sinev et al., 1988; Lunsford, 1990; McCarty et al., 

1990). There is no simple mechanism to describe this homogeneous-heterogeneous reaction 



'16 

system. Due to the high conversion of oxygen and the interaction between homogeneous and 

heterogeneous reactions, power-law type rate expressions were usually assumed and the kinetic 

parameters (reaction orders, reaction rate constants, and activation energies) were evaluated by 

fitting the experimental data.. As mentioned earlier, generally, the C ,  formation reaction has a 

lower reaction order in oxygen and a higher reaction order in methane than COX (CO and CO,) 

formation. As an example, the kinetic equations developed by Hinsen et al. (1985) with 34% 

PbO supported on y-Al,O, are used in this study. The experimental conditions for the kinetic 

studies were varied as follows: p0,=0.027 - 0.13 bar; pm4=0. 17 - 0.65 bar; T=650, 680, 700, and 

730 "C; W/F (T,P) 0.0022 and 0.049 g sec/ml. These kinetics are simple and include the hrther 

oxidation of C, to COX with the following parallel-series reaction scheme: 

CH4 + 1/4 0, -. 1/2 Cp6 + 1 0  H20 

112 C p 6  + 114 0, - 112 C$i4 + 112 H20 

CH, + 2 0, - CO, + 2 H,O 

112 C p ,  + 312 0, - CO, + H,O 

The rate expressions for the four reactions are 

r1 = 1.2 e -WWRT c:~ c.:: 

r, = 2.0~10-, e +NO,RT c:.6 c:; 



'17 

where the gas constant R=1.987 J/(mol K) and the unit of reaction rates is moV(g cat sec). 

Figure 1 illustrates the general reactor configuration simulated in this study. Methane is fed at 

the inlet of the reactor along with the inert and oxygen is introduced into the reactor at different 

feed points along the reactor length. Any species may be removed f?om the reactor through the 

reactor wall, according to its permeability. Here are some of the variations that are covered by 

the general reactor configuration: if oxygen is fed only at the inlet along with methane and there 

is no product removal, it is reduced to the conventional co-feed reactor; if oxygen is introduced 

into the reactor at'N feed points along the reactor axial position, it is the multiple stage-feed 

reactor, as the number of feed points N increases toward infinity, it is equivalent to a membrane- 

feed reactor; if oxygen is fed only at the inlet and some of the products are selectively removed 

through the reactor wall, it turns into a product-removal membrane reactor; if we feed oxygen 

through one membrane and also remove product through another membrane, it becomes a two- 

membrane reactor. 

The derivation of the model equations governing the reactors is based on the following 

assumptions: a) reactors are operated at isothermal and isobaric conditions. b) mathematical 

model developed is one-dimensional and there is no axial dispersion, and all the species are 

ideally mixed radially and thus there are no radial concentration gradients in any cross section 

along the reactor length; c) the reactions take place only in the methane-feed side and there is 

no chemical reaction in the oxygen feed side or in the permeation side. 

The reactor model can be described by the following ordinary differential equations: 

- 4 = k, z Cy 6'& 6;; I 6;  - k2 z C;.a 6;k6 aO2 I 8:g 
dt 



- -  - Anz0 cT [ (0.5 x1 + x2 + 2 X g  - X 8 )  1 8, - X 8  1 8; ] 
dt 

A9 - = Ao2 CT [ 802 I 8,  - x9 I 8; ] 
dt 

where 
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8 = 1 + eO2+ 8,- 0.25 xl- 0.5 ( x ~ + x ~ ) - x ~ - x ~ - x ~ - x ~ - x ~ ~  

8; = e; +0.5(X~+X~)+X6+Y7+r8+x~+xlo 

xl, x2, and x3 are the yields of ethane, ethylene, and carbon dioxide, defined by 

0 
x1 = 2 (Fc$& + FC$i6’I 1 FcH4 

where Fi and F/ are the molar flowrate of species i in the reaction side and permeation side. x,, 

q, %, x,, x8, x, and xl0 are the ratios of molar flow rates of 1/2C2&, l/2C2H,, CO,, CH,, H,O, 

0, and inerts in the permeation side to the mole flow rate of methane initially introduced at the 

reactor inlet, respectively. 

x4 = 2 F.$~~IF&, 

x5 = 2 F ~ ~ ~ ~ I F & ~  

x6 = Fco2’ 1 F A ,  

xl0  = F; I F A 4  



t is the dimensionless reactor length. e,, in the model equations is called the integral feed ratio, 

which is a hc t ion  of dimensionless reactor length and equal to the ratio of the total number of 

moles of oxygen introduced into the reactor from t=O (first feed point) to t=t (n-th feed point), 

to the number of moles of methane fed at the reactor inlet, or 

e =  
0 2  

8, and 8; are the molar feed ratios of inert I in the reaction side and permeation side to methane 

at the inlet of the’reaction side. hi is the dimensionless permeability of species i through the 

reactor wall, which is a measure of the permeability of species i relative to the initial methane 

flowrate. 

where A, and Ai are the area and thickness of the reactor wall for the permeation of species i. 

C, is the total concentration and z is the ratio W/F, based on the methane flowrate at the inlet. 

where W, is the catalyst weight. We define a dimensionless contact time (or Damkohler number) 

by 

1.90 Da = k, C, W ,  I F &  

The system equations are integrated by the fourth order Runge-Kutta method with adaptive 

stepsize control. The overall feed ratios of oxygen to methane for all types of reactors are 

optimized so that the C, yield achieved at the outlet of the reactor is maximized. Although it has 

been suggested that the selectivity is the most important factor in practical applications of OCM, 

because unreacted methane can always be separated and recycled, the maximal C, yield (which 
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is the methane conversion multiplied by C,  selectivity) was chosen as the optimization criterion 

here due to the fact that searching for an optimal methane to oxygen ratio to maximize C, 

selectivity would always end up with a trivial solution: infinite methane to oxygen ratio and 

100% C ,  selectivity. One of the possible alternative candidates for an optimization criterion is 

the sum of the C, yield and C ,  selectivity, a value of 100% is considered as the threshold value 

to make the OCM process commercially feasible. In the determination of the optimal overall feed 

ratio for the co-feed reactor, the uniformly distributed multiple stage-feed reactor, and the 

membrane-feed reactor, the Golden Section search method was used. The Hooke-Jeeves method 

(Beveridge and Schechter, 1970) was employed to find the optimal feed distribution functions 

for optimally distributed multiple stage-feed and membrane-feed reactors, as more than one 

variable was required to be optimized. 

RESULTS 

Figure 2 shows the axial profiles of methane to oxygen ratio and methane conversion for reactors 

with different numbers of oxygen feed points at 75OoC, 1 atm, and contact time (catalyst weight 

to initial methane flowrate) of 50 g sec/mmol. For all of the reactors considered here, the feed 

positions of oxygen are evenly spaced with the first feed at the inlet, and the amount of oxygen 

introduced is equally distributed among the feed points. For example, if we feed oxygen at three 

feed points (N=3), they are the inlet, one-third, and two thirds of the reactor. As can be seen 

fiom Figure 2, the methane to oxygen ratio increases as oxygen is being consumed until one-third 

of the reactor length, where the second feed of oxygen is introduced and a drop in the methane 

to oxygen ratio appears, then it increases again until the third feed is introduced. As the number 

of feed points N increases (say to one million), it essentially approaches a membrane-feed 

reactor. If we compare the co-feed reactor and the membrane-feed reactor, the methane to 

oxygen ratio is higher for the membrane reactor in the early part of the reactor. Although the co- 

feed reactor has a higher methane to oxygen ratio in the latter part of the reactor, it does not help 
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much because, as indicated by the methane conversion profile, the reactions in the co-feed 

reactor are almost finished in the region close to the inlet. Therefore, since the methane 

conversion is more spread out over the reactor length in a membrane reactor, is it is easier to 

remove the heat generated by the highly exothermic OCM reactions to control the hotspot 

temperature in a membrane reactor than in a co-feed reactor. Another advantage of using a 

membrane-feed reactor is that higher methane conversion could be achieved than in a co-feed 

reactor, where the highest oxygen inlet concentration is limited by the explosion limit. Because 

of the higher ratio of methane to oxygen, the membrane reactor gives the highest selectivity and 

yield as shown in Figure 3 .  

Figure 4 shows the maximum C, yield at the reactor outlet as a function of contact time 

(WJ'F~;) for co-feed reactor, membrane-feed reactor, and multiple stage-feed reactor with the 

numbers of feed points N=2,3, 5, 10,20, 50, 100, and 200 at 750°C, and 1 atm with no dilution 

gas addition and no product removal through the reactor wall. Since the reaction orders in 

oxygen for C, formation are lower than those for CO, formation, the distributed feed of oxygen 

causes a relatively low oxygen concentration in the reactor and an increase in the number of feed 

points will help to decrease the oxygen concentration. So, both C,  selectivity and yield increase 

with the number of feed points and the membrane reactor, in which the number of feed points 

is infinity, gives the highest selectivity and yield for the same contact time. In the low contact 

t i e  region, where the yield is mainly determined by the conversion, the co-feed reactor offers 

slightly higher yield and selectivity than the distributed feed reactors. As the contact time 

increases, the yield is more and more determined by selectivity. For the co-feed reactor, as shown 

in Figure 2, the reaction takes place in the reactor section close to the inlet, where the oxygen 

concentrations (thus the selectivity) are higher than those in distributed oxygen feed reactors. In 

the case of distributed oxygen feed reactors, longer contact time means more distributed oxygen 

along the reactor length, which will give rise to lower local oxygen concentration or higher 

selectivity. As a result, as the contact time increases the C,  yields of distributed reactors continue 

to increase while the C, yield of the co-feed reactor levels off Thus, as can be seen from Figure 
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4, for contact times longer than a certain value (which is ca. 400 g sec/mol in this case), the 

maximum C, yield of membrane-feed reactor is higher than that of a co-feed reactor operated 

at the same contact time, temperature and pressure. The improvement of C, yield by using 

reactors with a distributed feed of oxygen becomes greater as the contact time and/or the number 

of feed points increase. However in the low contact time region distributed feed reactors give 

slightly lower C ,  yields than the co-feed reactor. These results are consistent with the general 

analysis results (Harold, et al., 1993; Lu et al., 1995). It can be concluded that the contact time 

needs to be high enough for the distributed reactors to make a significant improvement in the C, 

yield obtained by the co-feed reactor. This is similar to what Reyes et al. (1993) concluded, 

although they did not optimize methane to oxygen ratio in their comparison study. In principle, 

100 % C, yield could be realized when both the stage number and contact time approach infinity. 

Another advantage of us ig  a distributed oxygen feed reactor is that it leads to a higher ethylene 

to ethane ratio as shown in Figure 4, where the membrane-feed reactor gives a ethylene to ethane 

ratio of 18, while the co-feed reactor gives 2 at high contact time. 

It should be noted that all the data shown in Figure 4 were obtained at optimal feed ratios of 

oxygen to methane. Figure 5 shows the C ,  yields of both co-feed and membrane-feed reactors, 

operated at 750°C and 1 atm, comparing the optimal feed ratio to a methane to oxygen feed ratio 

of 2: 1. The C, yield achieved at optimal conditions is about 4-5% higher than that at feed ratio 

of 2, and the optimal methane to oxygen ratio depends on contact time and is very different for 

the two configurations. 

A comparison of reactor performance between reactors with equally distributed and optimally 

distributed feed of oxygen is shown in Figure 6,  in which the axial distributions of oxygen of 

different types of reactors as well as their yields and selectivities are given at T=SOO"C, P=l atm, 

~ 1 3  1 g sec/mmol without dilution gas and product removal. The C, yield obtained in a co-feed 

reactor where oxygen is fed at the inlet (solid diamond in Figure 6 )  is 21 .S%. Using an equally 

spaced and equally distributed multiple stage-feed reactor (solid circles), the C, yields become 
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27.04%, 34.70%, and 40.65% as the number of feed points increases from 2 to 5, to 10. The 

highest C, yield for an equally-distributed oxygen feed (5 1 .OS%) is achieved by a membrane-feed 

reactor (solid line), which is equivalent to an equally distributed multiple stage-feed reactor with 

an infinite number of feed points. If an optimally distributed membrane reactor (dashed line) is 

used, instead of a uniformly distributed one, the improvement in the C ,  yield is not very 

si@cant. In this particular case, the C, yield is increased by only 0.2%. The same thing is true 

for multiple stage feed reactors with the same number of feed points. As an example, for 5 feed 

points, the yields obtained by an equally spaced and equally distributed feed reactor (solid circle), 

equally spaced and optimally distributed reactor (open triangle), and optimally spaced and 

optimally distributed reactor (open square) are 34.70%, 34.75%, and 34.85%. So, although the 

optimally distributed feed reactors result in higher maximum yield than evenly distributed feed 

reactors with the same number of feed points, the improvement in the C ,  yield is not as 

significant as that between reactors with different numbers of feed points. 

i 

The effects of temperature and pressure on the maximum C, yield and ethylene to ethane ratio 

are shown in Figure 7 and Figure 8. Because the activation energy of C,H, formation used in this 

simulation is higher than that of CO, formation, the C ,  yield increases monotonically with 

temperature, which is consistent with the general experimental observations except at higher 

temperatures (>800 "C) when homogeneous reactions become predominant. This may result 

from the narrow range of temperature in which the kinetic data were evaluated, and the 

assumption of simple lumped kinetics, which might fail to describe the OCM process at higher 

temperatures. Due to the relatively low activation energy of ethane dehydrogenation to that of 

the ethane formation, the ethylene to ethane ratio begins to decrease at higher temperatures. 

Increasing pressure has two opposite effects on the yield. First, the dimensionless contact time 

(Da) is proportional to the total concentration and higher pressure (or higher dimensionless 

contact time) results in higher C, yield. On the other hand, the increase in total pressure also 

increases the partial pressure of oxygen, which leads to lower C, selectivity according to the 

earlier discussion. At low pressures, the dimensionless contact time is short and the yield is 
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determined by the conversion, so the yield increases with pressure. In the high pressure region, 

the selectivity becomes more important and krther increase of pressure is detrimental to the C, 

yield. The effect of pressure on the ethylene to ethane ratio follows the similar trend to that on 

the C, yield and the optimal pressures are shifted to higher values. 

Since dilution gases have been used in most of the OCM experiments reported in the literature, 

it is necessary to investigate the effect of the addition of dilution gases on the reactor 

performances. From Figure 9 we see that dilution gas addition leads to higher C, yields, but 

longer contact time is required to achieve the same C, yield for any type of reactor considered 

here. For a reactor with a dilution ratio of 10 (initial feed ratio of inerts to methane), about 20-50 

times longer contact time is required to achieve a similar level of C, yield to a reactor without 

dilution gas. Since a membrane reactor needs a longer contact time to show its advantage over 

a co-feed reactor, this means that much longer contact times would be required by a membrane 

reactor with dilution gas addition, compared to the contact times at which most of the co-feed 

packed-bed reactors have been operated. 

The C, yield can be greatly improved if the wall of the reactor is selectively permeable to C, 

products. The improvement in C, yield by the removal of one or both of the desired products 

(ethane and ethylene) is illustrated in Figure 10. It is obvious that, for all the reactors with 

different types of oxygen feeding modes, an increase in C, product permeability results in higher 

maximum C, yield. For membrane-feed reactor, for example, the highest C, yield that can be 

achieved by a reactor with a non-permeable wall to C, (on the left side of the graph) at the 

particular conditions is about 19.3%. However, a membrane-feed reactor with a C,-permeable 

wall could give a C, yield of 29.6% as the permeability increases. When the dimensionless 

permeabilities reach 1000, the yield begins to level off because nearly all the C, formed has been 

removed. This is in agreement with the result obtained by Berstein and Lund (1 993) regarding 

the effect of permeability ratio of intermediate product to the reactant in a study of series-parallel 

reactions in membrane reactors. It also can be seen that desired product removal helps the 



"26 

membrane feed reactor more than the co-feed reactor, and that selectively removing ethylene is 

more effective than removing ethane. In practice, though, it is difficult to make a reactor wall 

that is only permeable to C, except using special interstage separation techniques for multiple 

reactor systems (Tonkovich.et al., 1993; Jiang, et al., 1994). Figure 11 shows the effect of 

methane permeability on the maximum C, yield at a separation factor of C, to CO, and H,O of 

5 and compared with the non-permeable wall situation, at 75OoC, 1 atm, and 10 g sec/mmol. For 

C, to CH, separation factors below 200, the yield of the permeable wall reactor gives a lower 

yield than the non-permeable one due to the loss of methane to the permeation side, and the 

membrane-feed &actor is worse than a co-feed reactor. This suggests that a low methane 

permeability is critical for product-removal reactors to be effective. 

CONCLUSIONS 

To make oxidative coupling a commercially feasible process, the use of cross-flow reactors can 

be an effective way to achieve higher C ,  selectivity and yield. Using a distributed oxygen-feed 

reactor, a reactor that selectively removes C,  products, or a two-membrane reactor with both 

oxygen feed and product removal could greatly improve the reactor performance compared to 

the conventional co-feed reactor. For multiple stage oxygen-feed reactors with the same numbers 

of feed points, evenly and optimally distributed oxygen-feed reactors almost give the same 

maximum C, yield. Keeping a high separation factor of C ,  to methane is crucial to the product- 

removal membrane reactor to achieve higher C, yield. Also, reasonable comparison of reactor 

performances between different types of reactor should be made under their optimal conditions. 
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NOMENCLATURE 

P 
Ti7 

R 

T 

t 

VR 

W C  

X1Y xz, x3 

3 (i=4-10) 

area of reactor wall for the permeation of species i, m2; 

concentration of species i, I ~ O V ~ ~ ;  

total concentration, CT=p/RT, mourn3; 

Damkohler number (or dimensionless contact time), Da=k, CT '-' Wc / F,"; 
Inlet flow rate of species i, mol sec-'; 

flow rate of species i, mol sec-'; 

flow rate of species i in the permeation side, mol sec-'; 

flow rate of species i at the j-th feed point, mol sec-'; 

inert; 

rate constant for reaction i, i=l, 2, 3,4; 

number of oxygen feed points along the reactor length; 

total pressure, Pa; 

reaction rate of reaction i, mol sec-' m-3; 

gas constant, R=8.3 14 J mol-' K-'; 

temperature, K; 

dimensionless reactor length; 

total reactor volume, m3; 

catalyst weight, g; 

desired and undesired product yields; 

mole ratio of species i in the permeation side to the initial methane flow rate; 



Greek letters 

thickness of reactor wall for the permeation of species i, m; 

integral feed ratio of oxygen to methane, mol mol-'; 

inlet feed ratio of inert (I) to methane, e I = F J F A o ;  

inlet feed ratio of inert (I) to methane, 8,'=Flo'/FAo'; 

permeability of species i, mol m-2 sec" (mol mm3/m)-'; 

contact time defined by WJl?,,", g cat sec mol-'; 
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