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Executive Summary 

This project is a combination of process simulation and catalyst development aimed at 
identieng the most economical method for converting coal to syngas to linear higher 
alcohols to be used as oxygenated fuel additives. There are two tasks. The goal of Task 1 
is to discover, study, and evaluate novel heterogeneous catalytic systems for the 
production of oxygenated fuel enhancers from synthesis gas, and to explore, analytically 
and on the bench scale, novel reactor and process concepts for use in converting syngas to 
liquid fuel products. The goal of Task 2 is to simulate, by computer, energy efficient and 
economically efficient processes for converting coal to energy (fuel alcohols andor 
power). This report contains results from Task 2. 

The first step for Task 2 was to develop computer simulations of alternative coal to 
syngas to linear higher alcohol processes, to evaluate and compare the economics and 
energy efficiency of these alternative processes, and to make a preliminary determination 
as to the most attractive process configuration. ...Seven cases were developed usiig 
different gasifier technologies, different methods for altering the H2/C0 ratio of the syngas 
to the desired l.l/l, and with the higher alcohols as the primary product and as a by- 
product of a power generation facility. Texaco, Shell, and Lurgi gasifiers were used as to 
gasi@ coal, and steam reforming of natural-gas, sour gas shift conversion, or pressure 
swing adsorption was used to alter the H2/C0 ratio of the syngas. In addition, a case 
using only natural gas was prepared in order to facilitate comparison between coal and 
natural gas as a source of syngas. 

There are significant differences among the production costs for processes converting 
coal to syngas to higher alcohol fuel additives for cases involving Texaco, Lurgi, and Shell 
gasifiers, between cases involving natural gas reforming or sour gas shift conversion to 
alter the H2/C0 ratio, and for different plant capacities. The best case, on the basis of 
manufacturing cost, is one of the hybrids, a Shell gasifier with natural gas. 

Production of 5.1 billion literdyr (32 MM bbl/yr) of alcohol fbels from coal is 
considered the maximum feasible process scale. As expected, there are economies of scale 
favoring larger-scale over smaller-scale processes. However, resource and marketing 
constraints limit the maximum scale at which a plant could be constructed. 

Production of higher alcohol fuel additives from natural gas is more economical, for 
the next 20 years, than production from coal at any scale at current or predicted (by DOE) 
natural gas prices. Production of higher alcohol fuel additives from coal and natural gas 
hybrids is more economical than production from natural gas at West Virginia natural gas 
prices ($3.00/MM BTU). The break even natural gas price for production of higher 
alcohols by natural gas versus the Shell gasifierhatural gas hybrid is $2.45/MM BTU. 
Furthermore, if a plant life of 10 years were used, which is more typical in the chemical 
process industry, then all of the manufacturing costs for the cases using coal gasification 
will increase, making natural gas the clearly superior option. 
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Capital and operating costs are estimated on the basis of conventional technology, 
equipment, processes, and environmental controls. Thus, it is possible that fbture 
emission control requirements could significantly increase capital and operating costs of all 
coal-based processes described. 

The manufacturing cost of the alcohol derived from natural gas is highly dependent on 
the natural gas price. Capital costs are lower for natural gas cases than for coal-based 
cases. Therefore, raw material costs for the natural gas cases are a larger portion of the 
total annualized cost. 

If the cost of natural gas exceeds $2.45/MM BTU, the coalhatural gas hybrid (Shell 
gasifier) is more economical than the natural gas only design. If the cost of natural gas 
exceeds $4.94/MM BTU, the all coal design (Shell gasifier) is more economical than the 
hybrid. This is primarily a result of the high capital investment for the gasifier and 
accompanying cryogenic oxygen plant. This higher investment outweighs the benefit of 
using coal, which is a cheaper raw material. The ody way for coal based processes to be 
more competitive than natural gas under all conditrons is either for the relative price of 
coal and natural gas to change or for a major development to occur in coal gasification 
technology. Price variations would have greater impact on the natural gas reference cases, 
since raw material costs for these cases are a larger portion of the total annualized cost. 
Therefore, the competitiveness of the coal-based cases would be enhanced more by 
increases in the price of natural gas than by decreases in coal cost. 

The most energy efficient design, by wide margin, uses only natural gas. If pollution 
credits based on CO, or other combustion products are obtainable in the future, this 
process will benefit relative to the coal cases. The major question is whether an increase 
in natural gas prices would be completely offset by any potential gains realized by 
pollution credits. 
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1. Introduction 

This project is a combination of process simulation and catalyst development aimed at 
identifying the most economical method for converting coal to syngas to linear higher 
alcohols to be used as oxygenated fuel additives. There are two tasks. The goal of Task 1 
is to discover, study, and evaluate novel heterogeneous catalytic systems for the production 
of oxygenated fuel enhancers fiom synthesis gas, and to explore, analytically and on the 
bench scale, novel reactor and process concepts for use in converting syngas to liquid fuel 
products. The goal of Task 2 is to simulate, by computer, energy efficient and 
economically efficient processes for converting coal to energy (fuel alcohols and/or 
power). The primary focus is to convert syngas to fuel alcohols. The results of Task 1 are 
to be incorporated into Task 2 simulations to determine the best holistic combination of 
chemistry, catalyst, reactor, and total process configuration. The goal is to achieve 
economic optimization for the conversion of syngas to liquid products, i.e., to achieve the 
maximum cost effective transformation of coal to energy equivalents. This latter concept is 
called an “Energy Park.” Additionally, Task 2 cdntains a component to evaluate the 
combustion, emission, and performance characteristics of fuel alcohols and blends of 
alcohols with petroleum-based fuels, which is not covered in this report. 

This report contains results from Task 2. The first step for Task 2 was to develop 
computer simulations of alternative coal to syngas to linear higher alcohol processes, to 
evaluate and compare the economics and energy efficiency of these alternative processes, 
and to make a preliminary determination as to the most attractive process configuration. A 
benefit of this approach is that simulations will be debugged and available for use when 
Task 1 results are available. Seven cases were developed using different gasifier 
technologies, different methods for altering the H,/CO ratio of the syngas to the desired 
1.1/1, and with the higher alcohol fuel additives as primary products and as by-products of 
a power generation facility. Texaco, Shell, and Lurgi gasifier designs were used to test 
gasifying coal. Steam reforming of natural gas, sour gas shift conversion, or pressure 
swing adsorption were used to alter the H2/C0 ratio of the syngas. In addition, a case 
using only natural gas was prepared to compare coal and natural gas as a source of syngas. 

This report is organized as follows. Section 2 contains a brief history of the use of 
alcohol fuel additives. Section 3 contains a discussion of the research approach and the 
rationale for the approach. Section 4 contains discussions of the methodology for the 
design calculations, the methodology for evaluation of process alternatives, and how 
alternatives were screened. Section 5 contains process descriptions of the cases, and 
Section 6 contains the results of and discussion of the alternative cases. Section 7 contains 
a summary of the conclusions, and Section 8 includes recommendations and future work. 
Finally, Section 9 contains the references, and Section 10 consists of eight appendices that 
contain detailed process descriptions and data not presented in the main body of the report. 

All numbers found in this report are current as of 9/1/95 and, where discrepancies 
All occur, supersede those contained in previous quarterly technical progress reports. 

costs and prices are in 1992 dollars unless otherwise stated. 
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2. Background 

The exact composition of the mixed alcohol product produced by a facility is dependent 
upon the catalysts and reactor conditions employed. Since the catalyst and reactor 
conditions are only imprecisely known at the present stage of the research, the actual 
composition of the mixed alcohol product can only be hypothesized. Therefore, the actual 
demand and value of this product cannot be determined until decisions are made regarding 
the product composition. However, some insight may be gained into the potential demand 
and market value for the proposed mixed alcohol fuel by examining the market for 
individual alcohols. 

The near-term potential of methanol as a fuel oxygenate or neat fuel in the United 
States is questionable. Its use in this capacity is marred by numerous problems ranging 
from consumer and industry acceptance to its lack of economic competitiveness. Despite 
its relative abundance, consumption of methanol in gasoline has declined steadily fiom its 
high point of 400 million liters (106 MM gallons) inJ985 to less than 15 million liters (4 
MM gallons) in 1987 [l]. By 1988, the demand for methanol as an octane enhancer had 
virtually disappeared. 

Historically, this trend has been attributed to methanol's acceptance problems and its 
recent lost cost advantage over other octane enhancers. Many of the acceptance problems 
are a result of adverse publicity as well as mechanical problems. In the 1980's, several 
automobile manufacturers stated warranties would not be honored if owners used methanol 
enhanced gasoline blends in their cars. While these manufactures discouraged the use of 
gasoline containing methanol as an octane enhancer, they warranted the use of gasoline 
blends containing up to 10% ethanol. Methanol's acceptance was firther eroded by 
technical problems such as fuel foaming, aldehydes emissions, vapor locking in hot 
weather, and starting problems in cold weather, along with numerous corrosion problems 
in the engine and fie1 system. Reports of these problems prompted the EPA to limit the 
amount of neat methanol in unleaded gasoline to 0.3% by volume despite the fact that neat 
methanol concentrations of up to 3% (vol) have been used in Germany for several years 
without any reported problems [ 13. 

The use of ethanol was met with less resistance due in part to the efforts of the corn 
lobby from the Midwest. Initially instituted as a means of conserving crude oil in the late 
1970's, a mixture of 10% ethanol and 90% gasoline was used in place of straight gasoline. 
The manufacture of ethanol soon became profitable as a result of government subsidies, 
and demand for ethanol continued to grow through the 1980's at the subsidized prices. 
However, these subsidies only apply to fermentation ethanol and are dependent on 
legislative support. Without these subsidies, its use as a fuel additive would be no longer 
economically viable, since, from a pure manufacturing cost perspective, it is the most 
expensive of all currently used blending agents. Synthetic ethanol is also relatively 
expensive in comparison to other blending agents, which accounts for its lack of use in this 
market. 
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The most promising alcohol fuel additive, from cost and technical viewpoints, appears 
to be tertiaty-butyl alcohol (TBA) which is currently approved by an EPA interpretative 
rule that permits.blends approaching 16% by volume for straight TBA. However, ARC0 
Chemical Company appears to have a monopoly on the production of TBA since 1986. 
TBA may also be used as a cosolvent with methanol, although its use in this capacity has 
declined since methanol blending was stopped because of problems stated previously. The 
features that make this product so attractive are that it can be used in its original form or it 
can be hrther refined to produce high purity isobutylene, which can be 'reacted with 
methanol to produce methyl tertiary butyl ether (MTBE). 

Isobutanol was once considered to be an unwanted by-product generated in the 
production of oxo-chemicals derived from propylene. This may, in part, explain its growth 
as a fuel additive in the early 1980's. A number of companies under the United States 
Environmental Protection Agency's (EPA) Petrocoal waiver [2] began to use alcohols as 
octane enhancers during this time period. Under this waiver, the addition of up to 15 
volume percent alcohol could be used 3s a blending agent in gasoline. However, the 
composition of the alcohol was limited to a maximum of 12 percent methanol and a 
maximum methyl to butyl alcohol ratio of 6.5 to 1. Consumption of isobutanol and n- 
butanol peaked under this waiver at approximately 9100 metric tons and 4500 metric tons, 
respectively, in 1983, after which the market-essentially collapsed due in part to the EPA's 
efforts to rescind the Petrocoal waiver. 

. 

Continued growth in the propylene-based oxo-chemicals industry has forced producers 
of oxo-chemicals to rely on virtually any source of C4 oxo-molecules, causing the 
conventional price spread between n-butanol and isobutanol to decrease significantly. As a 
result of this significant price inducement, isobutanol was adopted as a substitute for n- 
butanol in many markets. However, the overall tightening of C4 feedstocks also decreased 
the economic viability of adding butanols to gasoline. Currently, butanols are more 
valuable as chemical feedstocks than fuels. Estimates suggest that butanol may be 
economical if it can be produced for less than $0.37 per liter (%1.40/gal) provided that the 
pre-tax gate cost of gasoline is in the range of $ 0.19 to $0.21 per liter ($0.72-0.79/gal) 
P I .  

Although the Petrocoal waiver permitting the use of butyl alcohols was revoked in 
1984, legislation as of September 1990 permits the use of butanol as an octane enhancer. 
Currently aliphatic alcohols (other than methanol) may be added to gasoline so long as 
there is no more than 2.7 percent oxygen by mass. There are specific EPA waivers for 
various blends of alcohols with gasoline, but all strictly limit methanol. Since the fuel 
product is likely to be a blend of various alcohols, it should be emphasized that methanol 
appears to be an undesirable product from the standpoint of EPA regulations. Therefore, 
to avoid complications of obtaining waivers for the use of this alcohol product, it may be 
advisable to eliminate methanol from the mixed alcohol fuel. 

The potential local annual market (West Virginia and a surrounding seven-state area) is 
approximately 6.4 billion liters (1700 million gallons) used as a 10% blend. The potential 
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problems fronthe marketing aspect may be regulatory if the alcohol fuel product does not 
fall into one of the approved categories. 

. .  . _ I . .  ..- .': 
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3. Approach and Rationale 

Coal-derived transportation fiels can be generated by indirect liquefaction in which 
coal is first converted to syngas and the syngas is then upgraded to motor fbels. The 
commercial feasibility of this conversion method depends upon the net cost of the syngas, 
the cost of syngas conversion, and the value of the finished products relative to existing 
competing products, such as gasoline, ethanol, and MTBE. In addition, the relative 
environmental costs of producing and using these competing fuels must also be compared. 

Our approach is to study a series of cases (with the goal of producing gasoline 
oxygenate additives from coal-derived syngas), each characterized by discrete process 
choices. For cases that show distinct advantages, we would proceed to more detailed 
process analysis and optimization. The objective finctions used to discriminate between 
alternatives are manufacturing cost per unit of mixed alcohol product and overall energy 
efficiency. The economies of scale for the cases are studied relative to both technical and 
market constraints. We have made seve;al processchoices, which are described in this 
section. These methodologies are described in more detail in Section 4. 

3.1 Target Blends 

To provide a production goal for the designs, target products were identified. All fuels 
for light-duty gasoline vehicles must be certified by EPA. Two blends already certified 
(Le., granted waivers) are the DuPont blend [3,4] and OCTAMIXTM.[5] These blends 
contain -3% (vol) methanol and >2.5% (vol) higher alcohols (C2-C4 for DuPont, C,-C, for 
OCTAMIX'") plus 40 mg/liter of a corrosion inhibitor necessitated because water is 
soluble enough in methanol to corrode automobile gasoline distribution systems. We chose 
these certified blends as standards for this study for two reasons. First, the anticipated 
product slate fiom our process should satisfj the requirements of these certified blends 
without major purification. Second, this approach is also a conservative strategy. As 
future environmental regulations are largely unpredictable, we chose not to design around a 
less restrictive standard that might prove to be unacceptable under future regulations. All 
products produced would meet existing regulations. 

3.2 Choice of Cases 

Given the goals of the economic evaluation, a number of technological cases must be 
designed and tested. Five concerns guide the choice of cases. 

1. A comparison of the manufacturing cost of syngas from coal with that from natural 
gas is needed. Since natural gas is the current lowest-cost source for all 
manufactured syngas, this case is used as a benchmark by which to measure all 
projects using coal gasification. Hybrid cases are also investigated in order to 
uncover possible synergies between the two raw materials available to produce 
syngas. 
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2. 

3. 

4. 

5.  

An investigation of by-product production in coal gasification is needed since this 
requirement presents a number of production and marketing constraints that 
seriously impact the net cost of syngas and the resultant transportation fuels. For 
example, processes that convert coal to syngas without by-products can be 
economical only if their costs are less than the net costs of processes that co- 
produce syngas and by-products. Also, the production of by-products can present 
serious marketing problems. Lastly, the social costs of coal must be considered 
when the net costs of syngas process alternatives are compared. 

A comparison of alternative modem gasifier technologies is essential. 

A case is considered in which the higher alcohol fuel additives are by-products of a 
power generation facility. 

Economic models must recognize present environmental regulation and the 
. ._I .  ..- possibility of future changes. .. 

Seven cases are chosen to the test range of possible technological and economic 
configurations identified as being important. The seven cases are shown in Table 3.1. 

Table 3.1 
Summary of Designs 

Case Number 

1 

2 

3A/3Bt 

4 

5 

6 

7% 

Gasifier 

Texaco 

Lurgi 

None (natural gas 
reformation only) 

Texaco 

Shell 

Shell 

Texaco 

H2/C0 adjustment 

steam reforming 
of natural gas 

pressure swing adsorption 
to separate excess H2 

pressure swing adsorption 
to separate excess H2 

sour gas shift converter 

sour gas shift converter 

steam reforming 
of natural gas 

sour gas shift converter 

?The difference between these sub-cases is the price of natural gas. 
%In this case, higher-alcohols are a by-product of a power production facility. 
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They represent a broad range of cases, the details of which are given in Section 5 and in the 
Appendices. Our overall approach to these cases is that the alcohol synthesis and 
separation portion of the flowsheet is decoupled from the syngas production portion. This 
scheme is shown in Figure 3.1. Thus, the characteristic features of the various cases are 
their gasifier design and method for H2/C0 adjustment. For each case, the design 
downstream of the syngas cleaning is identical. 

The natural gas case (Case 3) and IGCC case (Case 7) are chosen as a benchmarks. 
Although the goal of the study was to identify opportunities using coal-derived synthesis 
gas, such syngas is presently (for all gasifier types) more expensive than syngas produced 
from natural gas. Thus, Cases 3 and 7 present fiames of reference for all case analyses. 
The Lurgi gasifier case (Case 2) was also chosen as a point of reference. This gasifier 
technology is proven, yet not state-of-the-art. This case allowed us to study the potential 
of producing additional by-products, as well as to quantify the improvements obtained by 
advances in gasifier design. The other five cases involve modern gasifiers (Texaco and 
Shell), each with H2/C0 adjustment by either water-gas shift or natural gas reformation. 
The slurry-fed Texaco design was chosen because it is a proven technology with many 
commercial installations. The Shell gasifier, with gas-conveyed feed, is representative of 
newer designs that are only now being built on a commercial scale. 

3.3 Energy Park 

The range of cases allowed us to use a holistic approach, which we call the Energy 
Park concept. An energy park is a combination of facilities that utilizes one or more types 
of fuel in one or more types of conversion technologies to produce more than one product 
with the goal of reducing costs through the production of by-products, increased energy 
efficiency, and reduced pollution. This means that all types of fuels, including coal and 
natural gas, should be considered as inputs. In fact, hybrid cases, such as Cases 1 and 6, 
were investigated to study potential synergies between raw materials. In addition, the co- 
production of power, alcohol fuel, coal chemicals, and useful steam must be considered as 
a means to increase energy utilization efficiencies and to decrease overall costs. 

If energy is used more efficiently, not only are costs lowered, but pollution is also 
reduced. For example, a conventional steam-electric generation plant converts only 3 5 
percent of the energy from combustion to usable electric energy. For the quantity of 
power produced, a proportional amount of pollutants is also produced. If the energy in the 
waste heat is captured, the overall efficiency can be improved. This increase in efficiency 
results in a decline in pollution per usable energy unit output. Thus, energy efficiency as 
well as costs can be used to determine the feasibility of a process. Therefore, more usable 
energy is obtained from the same amount of fuel. 
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Figure 3.1 : Alternative Syngas and Alcohol Production Pathways 
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4. Methodology 

4.1 Design 

4.1.1 Case Studies 

There were seven case studies developed in this work, which are presented in this 
report. Each of the first six case studies uses a different front-end configuration of process 
blocks to produce essentially the same amount of synthesis gas feed, with the same 
composition, to the alcohol production block. The mixed alcohol product is the same for 
each of the cases. The main difference between the case studies lies in what material is 
used as the source of the carbon and hydrogen for the synthesis gas production. Cases 4 
and 5 use only coal as the raw material, and each case uses a different gasifier. Cases 1 and 
6 use a mixture of coal and natural gas as the raw material, with each case using a different 
gasifier. Case 7 is a power production facility with a base-load of 500 MW and a peaking 
load of 100 M W  for two two-hour periods per dayywith higher alcohols produced as by- 
products. The peaking power is produced by burning methanol produced in the synthesis 
reactor, with the higher alcohols sold as fuel additives. For all these cases, .we assume a 
Pittsburgh coal. Case 3 uses natural gas only and serves as a baseline economic 
comparison for the other cases. Two subcases are considered. For Case 3 4  we assume a 
natural gas cost of $106/1000 std m3. For Case 3B, we assume $61.8/1000 std m3. The 
cost used in Case 3A represents a typical industrial natural gas price in West Virginia. The 
Case 3B cost is the corresponding Gulf Coast price. 

The optimal synthesis gas feed to a process to produce C-1 and higher alcohols should 
contain a hydrogen to carbon monoxide ratio (H2/C0) of 1.M [6, 71. Since neither coal 
nor natural gas can be used directly to produce a synthesis gas with this H2/C0 ratio, 
additional processing of the gas is required. Two basic approaches were taken in this 
regard when considering coal. The first approach was to supplement the hydrogen- 
deficient synthesis gas from a coal gasifiei with the hydrogen-rich gas produced by 
reforming natural gas. By adjusting the ratio of coal and natural gas feeds to the plant, the 
desired composition and flow of synthesis gas was produced by directly blending the 
cleaned gases from both processes. The second approach was to adjust the H2/C0 ratio of 
the gas produced in the coal gasifier by shifting some of the carbon monoxide to carbon 
dioxide via the water-gas shift reaction: CO + H 2 0  f) C02 + H 2 .  

This second approach has the disadvantage of requiring a much larger coal feed and 
hence requires larger (or more) gasifiers to produce the required amount of synthesis gas. 
In Case 3 the synthesis gas is produced by the steam reformation of natural gas followed by 
the removal of excess hydrogen via pressure swing adsorption. The relative benefits and 
economic potentials of each of these cases are considered further in Section 5. 

9 



4.1.2 Scale of Operation 

The choice of the size of plant to be considered depended upon a combination of 
process and economic constraints. Upper and lower bounds on the size of the production 
facility were set using the rationale outlined below. 

The lower bound on the size of the production facility was set by considering 
economically reasonable lower bounds on both coal and oxygen feed rates to the plant. 
Since the main thrust of this work was to concentrate on the gasification of coal to produce 
synthesis gas, it was decided to focus mainly on modem oxygen-blown gasifiers such as the 
Texaco and Shell processes. A reasonable lower bound on coal feed was considered to be 
one unit train of coal (-9 100 metric tons (10,000 tons)) per week (1270 metric tons/day, 
1400 tondday). We used cryogenic separation of air, since this is the best way to produce 
the corresponding quantities (-2000 metric tondday) of high purity oxygen [SI. For the 
purposes of discussion, we are assuming that this coal-to-alcohol-fbels plant would be 
located in southern West Virginia. .*r .. 8 %  

If the minimum sized plant were scaled-up by a factor of eight, 5.1 billion liters/yr (32 
MM bbl/yr) of alcohol fuel additive would be produced, which is about 8% of the total 
gasoline sold in a seven-state area surrounding West Virginia. This scale seems a 
reasonable upper limit on plant size if the alcohol fbel is to be used as an additive 
comprising <lo% (vol) in gasoline. Finally, for most cases, this limit resulted in plant 
scales up to 20 unit trains of coal per week (about 10 million tonslyear). This represents 
the output of three of the largest mines in West Virginia. The coal supply pattern also 
indicates that this is a maximum size of plant. The facility must be located near mines of 
this size so that transportation costs do not significantly increase the delivered cost of coal 
to the alcohol plant. Because it uses more coal per unit of alcohol product, Case 2 reaches 
this coal constraint at a higher alcohol production rate of only 2.5 billion liter/yr (16 MM 
b bVy r) . 

There are also limits to plant size because of natural gas supply limitations. Case 6, for 
example, uses approximately 220 million standard cubic meters (7.8 billion cubic feet) of 
natural gas a year to produce approximately 640 million liters/yr (4 MM bbVyr) of alcohol. 
This is equivalent to roughly 16 percent of the industrial gas consumption for the state of 
West Virginia. If this facility's capacity is increased by a factor of eight, the amount of 
natural gas consumed by this facility would be equivalent to approximately 60 percent of 
the total natural gas consumption of this state. The possibility of supplementing 
commercial natural gas with coal bed methane in West Virginia was examined as a means 
of circumventing this potential constraint. Since there are no reliable statistics on coal bed 
methane reserves for West Virginia, an estimate was made using different sources of data 
[9, 101. Although there appear to be sufficient reserves to meet the requirements of the 
proposed facility, collection and quality problems overshadow any potential benefits that 
coal bed methane may offer. 

Since large scale facilities using steam reformation of natural gas for the production of 
syngas, such as Case 3A at x4 and x8 scales, would not be feasible for this region, an 
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alternative natural gas case (Case 3B) has been added for comparison purposes. Case 3B 
uses the same process design as Case 3A, however, it assumes a lower natural gas price 
that would be indicative of regions capable of supplying large quantities of natural gas on 
contract to a facility of this nature. 

4.1.3 Available Technology 

The rationale for selecting specific process modules is as follows. The choice of 
modern, efficient, oxygen-blown gasifiers (Shell and Texaco) was addressed previously. A 
Lurgi gasifier was also used in one case (Case 2) in an attempt to produce a suite of 
profitable coal-liquid by-products. This approach proved to be economically unattractive 
and was not pursued further. 

Cryogenic oxygen separation was preferred to pressure swing adsorption or membrane 
separation because of the large scale of oxygen production required for this process. 
Rectisol was chosen because of its wide-spread use in- the removal of acid gases From coal- 
derived synthesis gas. UCarSol, a proprietary Union Carbide solvent process, was also 
considered. However, this process does not work because of a “temperature bulge” 
caused by heat generated in the exothermic absorption of acid gases leading to unfavorable 
equilibrium conditions for the absorption. The Claus and Beavon processes were chosen 
for sulfur removal because they are proven technologies. While there are alternatives, the 
costs of these modules are very small compared to the cost of the entire process; hence, 
there is little benefit to investigating alternatives. 

The alcohol synthesis reactor using an MoS2 catalyst and producing linear C,-C5 
alcohols was chosen because of the published information available on product 
distributions [7] and reactor costs and because Task 1 of this project is focused on 
developing novel MoS2 catalysts. 

4.2 Economics 

4.2.1 Assumptions 

Equipment costs were obtained from previous designs [6, 7, 11-13]. Costs were 
assigned to a module (e.g., Rectisol) rather than by evaluating each piece of equipment 
within the module. To determine the appropriate cost for a module of the desired size, 
exponential scaling was used within a train, and linear scaling was used for multiple trains. 

The prices assumed for reactants, products, and by-products are shown in Table 4.2. It 
was assumed that all by-products such as sulfur and slag could be sold at the indicated 
price. 

A method using MTBE as a reference was used to assign values to higher alcohol fuel 
products. The method is based upon RVP and octane number, and a similar method has 
been used previously to determine the value of other fuel additives [14]. The results are 
presented in Table 4.3. The value of unleaded gasoline (50 kPa (7.2 psia) RVP, 87 octane 
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((RON+MON)/2)} was chosen as $0.170/liter ($0.644/gal). N-butane was valued at 
$0.085/liter ($0.321/gal), and MTBE was valued at $0.223/L ($0.845/gal). These values 
are the means of the weekly spot prices during 1992 [ 15, 161. The relationship used was 

value($ I L )  = 0.023 - 0.0037(RVP in kPa) + 0.00237(octane number) 

Table 4.2 
Price of Reactants, Products, and By-products 

Item Price 

Coal 
Power 

Peaking Power 
Slag 

Sulfir .. 
Coal Tar/Liquid* 

Hydrogen? 

Natural Gas? 

$33/metric ton delivered 
$O.O5/kWh 
$ O . l O / k w h  . 

$5.5/metric ton 
$300/metric ton 
$99. Umetric ton 

$35.3/1000 std m3 (Case 3A) 
$20.6/1000 std m3 (Case 3B) 
$106/1000 std m3 (Case 3A) 
$61.8/1000 std m3 (Case 3B) 

._a. ..- 

*Based on its fuel value at $3/MM BTU 
t Case 3A prices are for West Virginia 

Case 3B prices are for Gulf Coast 

Table 4.3 
Estimated Value of Alcohol Fuel Additives 

Component Blending Value ($/liter) Blending Value ($/gal) 

methanol 0.148 
ethanol 0.235 

n-pro panol 0.185 
n-butanol 0.183 
n-pentanol 0.180 

mixed alcohol product* 0.197 
MTBE 0.223 

*value obtained based upon product distribution 
from alcohol synthesis reactor [7] 

0.561 
0.893 
0.699 
0.693 
0.68 1 
0.747 
0.845 

These values do not recognize the effects of substitution on the MTBE price should a 
less expensive competitive product be placed on the oxygenate market. The lowest price 
for which MTBE could be sold has not been determined. However, we have estimated the 
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marginal producer’s cost of MTBE as $0.159Aiter ($0.600/gal). If the price of MTBE 
declines, so would the relative values of the other blending agents. 

4.2.2 Measures of Economic Feasibility 

The alcohol production process has been divided into two stages. The first stage 
entails those steps required to produce synthesis gas, while the second stage deals with the 
steps involved with the transformation of the synthesis gas into the alcohol fuel and waste. 
Since the alcohol product can be manufactured from synthesis gas derived from either coal 
or natural gas, the price of the synthesis gas derived from its respective source becomes a 
critical factor in determining the choice of feed stock. Thus, the prices for the respective 
syngases must be derived because they are intermediate products that are not marketed. 
Consequently, price data do not exist, 

The manufacturing cost is defined as the sum of the raw materials and operating costs 
plus a capital recovery annuity, minus by-product credits. This model simply amortizes the 
installed capital investment over the anticipated life of the plant (which in this case is 
assumed to be twenty years) at a given interest rate (which we have assumed to be lo%, 
given current economic conditions). Besides utilities, the operating costs also include 
maintenance, insurance, plant overhead, and sustaining capital charges. These latter costs 
are estimated to be 1.5 times the annualized capital investment [ l l]  (which is 
approximately equivalent to 17.6 percent of the total installed capital [ 171). 

4.3 Screening of Alternatives 

Two screening mechanisms have been employed for the purpose of eliminating and 
ranking technologies. The first process entails the calculation of the manufacturing cost for 
the mixed alcohols produced by the various technologies. These costs (in 1992 dollars) are 
current, identifiable and are calculated to include all by-product credits. Therefore, the 
process with the lowest manufacturing cost represents the best technology. The second 
screening alternative that was considered was overall energy efficiency. This method was 
considered to ensure that the optimal technology was selected given the level of 
uncertainty of hture costs and prices. The thermal efficiencies were calculated based upon 
the total energy input in relation to the total energy output. Energy flows were also 
analyzed to determine which process provided the best alcohol conversion. This was 
measured by analyzing the total energy input in relation to the total energy content (heats 
of combustion) of the various products produced. The results of these methods are given 
in Section 6 of this report. 
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5. Description of Cases 

5.1 Process Concept 

A generic process for converting coal to syngas to higher alcohol fuel additives is 
outlined in Figure 5.1. The oxygen plant provides oxygen for the gasifier. The sour gas 
shift converter adjusts the H2/C0 ratio to the desired ratio of 1.M using the water gas 
shift reaction, with the necessary steam provided by vaporization of water used to slurry 
the coal. An alternative process might employ steam reforming of natural gas (CH4 + 
H20 t) CO f 3H2) to adjust this ratio. Acid gas treatment and sulfur removal precede 
alcohol synthesis. The alcohol synthesis reactor is a shell-and-tube design with the MoS2 
catalyst in the shell. Use of the MoS2 catalyst yields a product that is primarily C,-Cs linear 
alcohols [7]. Table 5.1 gives a typical reactor yield. 

T.ab1e 5.1 . ,i 
Typical Product Yields- from MOSZ Catalyst based on 

40% co Conversion 

carbon dioxide 
methane 
ethane 

methanol 
ethanol 

propanols 
butanols 

C5 alcohols 
methyl acetate 
ethyl acetate 

total 

32.00% (mol) 

0.75% 
13.46% 
28.08% 
9.32% 
3.13% 
1.63% 
1.16% 
1.02% 
100% 

9.45% 

5.2 Designs 

The features of the seven cases were shown in Table 3.1. Detailed descriptions of each 
A very brief case (with flowsheet and flow tables) are included in the appendices. 

overview of each case is given below. 

Case 1 is shown in the Appendix A, Figure A. 1. The Texaco gasifier is oxygen blown, 
operates at high temperature (1300°C (-2400"F), 8 MPa (80 atm)), and is fed a coal-water 
slurry. This down-flow entrained design is currently being used in over 90 commercial 
applications world-wide. For larger scales we assume multiple trains. To enhance the 
H2/C0 ratio, natural gas is steam reformed. 
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Case 2 (Appendix B, Figure B.l) incorporates a Lurgi (dry-bottom) gasifier design. 
This gasifier is oxygen blown and operates at moderate temperatures (400°C (750"F), 2.8 
MPa (28 atm)). It is the design used at the Great Plains Gasification Plant [ll] and 
produces phenolic and related by-products. To reduce the H2/C0 ratio, pressure swing 
adsorption is used to separate the excess H2. 

Cases 3A and 3B (Appendix C, Figure C.1) are benchmark cases with natural gas as 
the feed. Through steam reformation, a syngas that is too rich in H2 is produced. Pressure 
swing adsorption is used to separate the excess hydrogen. Some of the excess hydrogen is 
used to balance process power needs, and the remaining hydrogen is given a value based 
on its heating value relative to that of natural gas (Table 4.2). The difference between 
Cases 3A and 3B are that the former uses a West Virginia natural gas price ($106/1000 std 
m3, $3.00/106 BTU) and the latter uses a Gulf Coast natural gas price ($61.8/1000 std m3, 
$1.75/106 BTU). 

' Case 4 is shown in the Appendix D, .Figure D.4:. As in Case 1, a Texaco gasifier is 
used. However, the hydrogen deficit is corrected by producing more syngas from the coal 
and then using a water-gas shift reactor to produce more hydrogen. Thus, more gasifiers 
are required in Case 4 than in Case 1. 

Case 5 (Appendix E, Figure E.l) incorporates a Shell gasifier. As with the Texaco 
design, this gasifier is oxygen blown. It operates at high temperature and moderate 
pressure (13OOOC (-2400°F), 2.8 MPa (28 atm)). However, the pulverized coal is 
conveyed to the gasifier in a gas stream (C02 in this case). This down-flow entrained 
design is not in current commercial use for coal gasification. However, it has been proven 
on pilot scale, and an integrated, combined-cycle, coal gasification power plant using this 
technology is under construction in The Netherlands [18]. For larger scales we assume 
multiple trains. To enhance the H2/C0 ratio, more syngas is produced from coal and a 
water-gas shift reactor is used. 

Case 6 is shown in the Appendix F, Figure F.l. As in Case 5, a Shell gasifier is used. 
However, the hydrogen deficit is corrected by steam reformation of natural gas. Thus, 
fewer gasifiers are required in Case 6 than in Case 5. 

Case 7 is shown in the Appendix G, Figure G.l. It is an IGCC power plant with a net 
base load capacity of 500 MW and an additional 100 Mw of peaking capacity (for 2 two- 
hour periods per day) derived from burning methanol separated from the mixed alcohol 
produced in the alcohol synthesis loop. Approximately 112 million liters/yr (30 million 
gallondyr) of higher alcohols can be produced as a by-product of this process for use as 
oxygenates. 

In all of the designs, the purge from the alcohol synthesis loop is used to generate 
power. Additionally, steam produced by recovering heat from the gasifier outlet is also 
used to generate power. 
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6. Results and .Discussion 

6.1 Economics of Designs 

Table 6.1 is a summary of capital costs for the seven cases at all scales. Individual unit 
costs are tabulated in Appendix H. 

Table 6.1 
Capital Costs for Cases 
(in millions of dollars) 

xl x2 x4 x8 

1 562.80 958.96 1,778.88 3,3 11.88 
2 1,817.14 3,438.22 -- -- 
3 335.89 m . 2 8  -981.88 1,748. ia 

I Case# 

4 650.27 1,182.33 2,171.06 4,076.83 
5 629.92 1,138.72 2,066.51 3,926.76 

416.61 734.38 1,347.78 2,488.2C 
7 999.63 -- -- -- 
6 

Figure 6.1 shows the manufacturing cost of higher alcohols for Cases 1-6 at different 
scales. The lowest scale (xl) produces 636 million literdyr (4 MM bbvyr). It is apparent 
that the most attractive option is to produce higher alcohols fiom synthesis gas produced 
by the steam reformation of natural gas available at Gulf Coast prices. The main reason for 
this result is the low capital investment associated with the natural gas reformation process. 
From Table 6.1, it can be seen that this investment is significantly lower than that for the 
other cases considered for the same alcohol output. Of the cases using coal as a raw 
material, the Shell Gasifier with natural gas is the best case, and can be better than natural 
gas, as long as the natural gas price is above $2.45/MM BTU. The best coal case also 
involves a Shell Gasifier, and can be better than Shell codnatural gas hybrid case, if the 
natural gas price exceeds $4.94/MM BTU. Furthermore, the economic advantages of a 
Shell or Texaco gasifier over a Lurgi gasifier are clear. The manufacturing costs in Figure 
6.1 represent a 10% real rate of return on capital over a 20 year plant life without 
considering the effects of taxes. If a plant life of 10 years is used, which is more typical in 
the chemical process industry, then all of the curves in Figure 6.1 using coal gasification 
will shift upwards, making natural gas the clearly superior option. The effects of 
differential inflation rates on coal and natural gas are discussed later in this section. 

On Figure 6.1, the curves labeled Case 3A and Case 3B reflect the sensitivity of 
a manufacturing costs to changes in natural gas prices. In Case 3 4  the cost of natural gas 

used is $106/1000 std m3, which is a typical industrial price in West Virginia. In Case 3B, 
the cost is a typical Gulf Coast price of $61.8/1000 std m3. In both cases, excess hydrogen 
is assigned a credit of approximately one-third that of natural gas, based on the respective 
heating values. These cases are detailed in Appendix C. 
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Considering the cases that use coal as a raw material, the process based around the Lurgi 
Gasifier (Case 2) is by far the worst option and is not considered krther in this discussion. 
Of the remaining cases, all of which use modern oxygen-blown gasifiers, the cases which 
utilize a mixed feed of coal and natural gas (Cases 1 and 6) are superior, in terms of unit 
cost of product, to their respective counterparts (Cases 4 and 5) which use coal as the only 
feed material. Again the main reason for this result is the reduced capital investment 
associated with the cases using natural gas which in turn is mainly due to the reduced cost 
of the gasifier and oxygen plant. Comparisons between the Texaco and Shell Gasifiers, 
with or without a natural gas feed, (Case 1 vs. 6 and Case 4 vs. 5) ,  show the Shell to be 
slightly superior to the Texaco. For the hybrid cases (1 and 6), the substantial difference in 
manufacturing costs results from the increased natural gas requirement for Case 6 (Shell). 
This case, therefore, benefits from the fact that natural gas is a less expensive source of 
hydrogen than is syngas shifting. 

In all of the cases, light hydrocarbon gases are separated from the alcohol he1 product, 
with a fraction recycled to the reactor.-and the remainder used to produce power in 
combustion turbines. The methane in the recycle was held constant at 21%, as in previous 
designs [7]. Optimization of the fraction recycled for each case does not appreciably alter 
the results in Figure 6.1, except for the LurS; gasifier. For this case, the manufacturing 
cost is reduced by about $0.35/gal at the optimum recycle fraction. The Lurgi gasifier is 
still the worst case, but not by as large a margin as in Figure 6.1. 

From Figure 6.1, it is clear that natural gas is superior to coal as a source of alcohol 
fbels, as long as the price of natural gas is less than $2.45/MM BTU (based on Case 6). 
However, it has been reported that natural gas suppliers are reluctant to provide long term 
contracts at this price, even with built-in inflation clauses [19]. The manufacturing cost of 
the alcohol derived from natural gas is a strong function of the raw material cost. The two 
cases, 3A and 3B, represent reasonable bounds for the cost of natural gas and clearly 
illustrate the sensitivity to raw material costs. Additional savings could be achieved in both 
cases 3A and 3B if the pressure-swing adsorption unit were replaced with a separation 
process that delivered the hydrogen-stripped syngas at close to the pressure of the feed to 
that process, e.g., membrane separation. 

The cost of producing syngas from coal or from coal and natural gas is currently 
greater than producing it from natural gas only. This is primarily a result of the high capital 
investment for the gasifier and accompanying cryogenic oxygen plant. This higher 
investment outweighs the benefit of using a cheaper raw material, coal. The only way for 
coal based processes to be more competitive than natural gas under all conditions is either 
for the relative price of coal and natural gas to change or for a major development to occur 
in coal gasification technology. The effects of both are illustrated in Figures 6.2 and 6.3. 
Price variations would have greater impact on the natural gas reference cases, since raw 
material costs for these cases are a larger portion of the total annualized cost. Therefore, 
the competitiveness of the coal-based cases would be enhanced more by increases in the 
price of natural gas than by decreases in coal cost. 
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Figure 6.2 
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Figure 6.3 
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The relative profitability of higher alcohol fuel additives with respect to MTBE depends 
upon both the initial manufacturing costs and the rate of change of these costs with time. 
Figures 6.2 and 6.3 show the results of an analysis of the relative costs of higher alcohol 
fuel additives assuming the following initial costs: coal, $33/metric ton; oil, $0.1 16/liter 
($18.45/bbl); MTBE, $0.223/liter ($35.49/bbl). The difference between Figures 6.2 and 
6.3 is the different starting price of natural gas in Case 3. The starting price of natural gas 
in Case 6 is the West Virginia price, since the desired comparison is between a West 
Virginia hybrid plant and either a West Virginia or a Gulf Coast natural gas only process. 
Table 6.2 shows the assumed inflation rate for each component of the economic analysis. 

Table 6.2 
Assumed Inflation Rates 

coal [20] 
natural gas [20] 

equipment and labor [2 11 .. 
hydrogen [20] 

slag [21] 
electricity [20] 

sulfur (estimated) 
alcohol fuel product* 

1.7% 
3.5% 
3.9% 
3.5% 
3 -2% 
0.55% 
0.09% 
3.2% 

assumed to be the same as the inflation 
rate of crude oil r201 I '  

As can be seen in Figures 6.2 and 6.3, the cheapest source of higher alcohol fuel 
additives depends upon the assumed starting price for natural gas. Different relative cost 
increases will change the ranking over time. From Figure 6.2 (natural gas at $106/1000 
m3), it appears that the hybrid case may be the most profitable relative to the alcohol 
blending value until 2003. After 2003, it appears that none of these cases will be 
profitable. From Figure 6.3 (natural gas at $61.8/1000 m3), the hybrid case the natural gas 
case appears to be the most profitable until 2008. However, we have estimated the 
marginal, producer's cost of MTBE as $0.159/liter ($0.600/gal). If the price of MTBE 
declines, so would the relative values of the other blending agents. Therefore, if the 
alcohol fuel product must compete with MTBE at the marginal producer's cost of MTBE, 
then none of the cases (neither coal, natural gas, nor a hybrid) would be profitable. 

6.2 Energy Efficiency of Designs 

Using the Energy Park concept, it is suggested that overall energy efficiencies may be 
used as ascreening mechanism. Therefore, the overall thermal efficiencies and distribution 
of energy flows for the various cases are calculated to assess the viability of the various 
processes. These calculations are based upon the original design capacities of 
approximately 1.9 million liters of mixed alcohoVday (12,000 bbVday). The total energy 
inputs and outputs for these cases are summarized in Table 6.3 and illustrated graphically in 
Figures 6.4 and 6.5. The most efficient processes are those which involve the use of 
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Case 

Energy Input GJhr 
coal 
Natural Gas 

Total 

Energy Output GJ/hr 
Alcohol 
Electricity 
H2 
Light Coal Oil Mix 

Total 
Losses 

Energy Flows 
conversion to alcohol 
conversion to electricity 
conversion to H2 
conversion to coal oil 
conversion loss 

TOTAL EFFICIENCY 

Table 6.3 

Overall Energy Efficiencies and Distributions for Designs 

1 2 3 4 5 6 7 

3501.48 17994.19 0.00 4757.02 4593.03 2159.17 6417.04 
871.81 0.00 7670.86 0.00 0.00 1750.43 0.00 

4373.29 17994.19 7676.86 4757.02 4593.03 3909.60 6417.04 

1728.00 1728.00 1728.00 1728.00 1728.00 1728.00 345.76 
352.44 2808.00 150.12 375.12 374.40 302.40 1919.77 
0.00 1771.78 4289.32 0.00 0.00 0.00 0 
0.00 2026.93 0.00 0.00 0.00 0.00 0 

2080.44 8334.72 6167.44 2103.12 2102.40 2030.40 2265.53 
2292.84 9659.48 1503.42 2653.89 2490.63 1879.20 4151.51 

39.51% 9.60% 22.53% 36.33% 37.62% 44.20% 5.39% 
8.06% 15.61% 1.96% 7.89% 8.15% 7.73% 29.92% 
0.00% 9.85% 55.92% 0.00% 0.00% 0.00% 0.00% 
0.00% 11.26% 0.00% 0.00% 0.00% 0.00% 0.00% 
52.43% 53.68% 19.60% 55.79% 54.23% 48.07% 64.70% 

47.57% 46.32% 80.40% 44.21% 45.77% 51.93% 35.30% 
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natural gas or produce the least amount of electric power. Of these processes, the steam 
reformation of natural gas (Case 3) yields the best overall efficiency assuming full credit is 
given to the energy contained as H2. Closer examination of this process, however, reveals 
that only 22.5 percent of the total energy input actually goes to the production of alcohol. 
Given that the objective is to produce as much alcohol as possible, and that, at best, only 
half of the energy contained in H2 can actually be recovered, Case 6 may provide better 
results. Case 6 has the highest efficiency with respect to alcohol conversion at 44.2 
percent. However, the amount of natural gas consumed by these processes may impose a 
series of logistical problems if these facilities are located in remote areas not accessible to 
major natural gas distribution lies. 

' 

Confronted with these potential problems, it appears that one of the less efficient 
technologies, which relies entirely on coal, may ultimately provide a feasible solution. Case 
5, which uses a Shell gasifier in conjunction with a sour gas shift converter, appears to be 
only slightly less efficient than its counterpart Case 6, which uses steam reformation of 
natural gas to increase the hydrogen content of the syngas. The difference between the 
overall efficiencies of these two cases is approximately 6 percentage points. 

However, the most efficient case, by wide margin, is Case 3, which uses only natural 
gas. If pollution credits based on C02 or other combustion products are obtainable in the 
future, this process will benefit relative to the coal cases. The major question is whether an 
increase in natural gas prices would be completely offset by any potential gains realized by 
pollution credits. 

6.3 Fugitive Emissions 

To construct a plant such as the one being designed here, current environmental 
regulations must be followed, and anticipated environmental regulations must be 
considered. Therefore, a preliminary environmental analysis of the s u b  removal portion 
of Case 1, at the smallest scale, has been completed. This case includes fugitive emissions 
and stack emissions. The sulfur portion of the process is emphasized because all of the 
sulkr compounds along with a major part of the process's CO, volatile organic 
contaminants (VOCs) which are precursors to ozone formation, and two hazardous air 
pollutants (methanol and COS) are found in this portion of the process. The results 
indicate that, for SO, compounds, there will be no trouble meeting environmental 
regulations. However, for reduced sulfur compounds (H2S and COS) and for ozone 
producing VOCs, the process is over the current threshold values. This requires 
application of BACT (Best Available Control Technology) which could significantly 
increase the cost of construction and operation of a coal to syngas to higher alcohols 
process. Details of this analysis are in Appendix A. 

i 
\' 
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7. Conclusions 

0 There are significant differences between the production costs for processes converting 
coal to syngas to higher alcohol fuel additives for cases involving Texaco, Lurgi, and 
Shell gasifiers, between cases involving natural gas reforming or sour gas shift 
conversion to alter the H2/C0 ratio, and for different plant capacities. The best case, 
on the basis of manufacturing cost, is one of the hybrids, a Shell gasifier with natural 
gas. 

0 Production of 5.1 billion literdyr (32 MM bbVyr) of alcohol fuels from coal is 
considered the maximum feasible process scale. As expected, there are economies of 
scale favoring larger-scale over smaller-scale processes. However, resource and 
marketing constraints limit the maximum scale at which a plant could be constructed. 

Production of higher alcohol fuel additives from natural gas is more economical, for the 
next 20 years, than production from coal at any %ale at current or predicted (by DOE) 
natural gas prices. Production of higher alcohol fuel' additives from coal and natural 
gas hybrids is more economical than production from natural gas at West Virginia 
natural gas prices ($3.00/MM BTU). The break even natural gas price for production 
of higher alcohols by natural gas versus the Shell gasifierhatural gas hybrid is 
$2.45/MM BTU. Furthermore, if a plant life of 10 years were used, which is more 
typical in the chemical process industry, then all of the manufacturing costs for the 
cases using coal gasification will increase, making natural gas the clearly superior 
option. 

Capital and operating costs are estimated on the basis of conventional technology, 
equipment, processes, and environmental controls. Thus, it is possible that future 
emission control requirements could significantly increase capital and operating costs of 
all coal-based processes described. 

The manufacturing cost of the alcohol derived from natural gas is highly dependent on 
the natural gas price. Capital costs are lower for natural gas cases than for coal-based 
cases. Therefore, raw material costs for the natural gas cases are a larger portion of the 
total annualized cost. 

If the cost of natural gas exceeds $2.45/MM BTU, the coahatural gas hybrid (Shell 
gasifier) is more economical than the natural gas only design. If the cost of natural gas 
exceeds $4.94/MM BTU, the all coal design (Shell gasifier) is more economical than 
the hybrid. This is primarily a result of the high capital investment for the gasifier and 
accompanying cryogenic oxygen plant. This higher investment outweighs the benefit of 
using coal, which is a cheaper raw material. The only way for coal based processes to 
be more competitive than natural gas under all conditions is either for the relative price 
of coal and natural gas to change or for a major development to occur in coal 
gasification technology. Price variations would have greater impact on the natural gas 
reference cases, since raw material costs for these cases are a larger portion of the total 
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annualized. cost. Therefore, the competitiveness of the coal-based cases would be 
enhanced more by increases in the price of natural gas than by decreases in coal cost. 

The most energy efficient design, by wide margin, uses only natural gas. If pollution 
credits based on COz or other combustion products are obtainable in the fiture, this 
process will benefit relative to the coal cases. The major question is whether an 
increase in natural gas prices would be completely offset by any potential gains realized 
by pollution credits. 

.... I ( -  .” .. 
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8. Recommendations and Future Work 

8.1 Optimization 

A solution methodology to maximize the profitability of alcohol synthesis, separation, 
and blending has been developed. The temperatures, pressures, flowrates, and key 
component recoveries in the separation steps are the optimization variables. This 
methodology is robust and flexible; therefore, a wide-range of processing conditions can be 
investigated yielding consistent and accurate results. This methodology is in the process of 
being applied to the alcohol synthesis and separation portion of the process. 

8.2 Sensitivity Analysis 

8.2.1 Process 
:: ...a- 

A methodology, using Monte Carlo simulation, to determine the effects and influences 
of process variable uncertainties on the performance of a design has been developed [22]. 
Input variables in the model to be considered include the reaction product distribution, the 
operating temperatures of equipment (e.g., gasifiers, separators, etc.), and the estimates in 
the thermodynamic model used in the computer aided design simulation of the process. 
The output variables are the manufacturing cost and the energy efficiency of the plant. 
Determination of the parameters that may cause uncertainty in the process will be 
accomplished by choosing those parameters that are probabilistic in value and those which 
are not correlated to other more significant parameters. The result will be a range of 
expected operating conditions for the process and an indication of which variables' 
uncertainties are most likely to affect process operating conditions. 

8.2.2 Cost and Price 

Costs and prices are not known with certainty, and the expected ranges may be 
sufficiently large to affect the relative rankings of the tested options as well as their 
absolute economics. In addition to the costs and prices of the inputs and outputs, prices of 
substitutes, such as MTBE and gasoline, also affect process economics. The relative 
expected growth rate in natural gas, oil, and coal prices determine the time in which coal- 
derived alcohol hels may become economical. 

To explore the effects that changing input and product prices have on the process 
economics, sensitivity analysis (Monte Carlo simulation) will be used. The results will 
indicate which processes have the most economic promise given the uncertainties of prices 
and costs. 

29 



8.3 Energy Park 

The potential exists for an integrated approach to produce mixed alcohols and energy 
(with an emphasis on electric power) given the various technologies currently under 
consideration. Each technology has its own strengths and weaknesses. By taking advantage 
of the strengths of these various technologies, the overall economics of alcohol production 
may be improved. This integration may be achieved in the context of an Energy Park, as 
described in Section 3.3. Future efforts will focus on taking advantage of this possibility. 

. 

8.4 Possible Additional Case Studies 

The present results of this work indicate that a facility to produce higher alcohols for 
use as transportation fuel additives from coal is currently uneconomical. This situation 
may, of course, change if significant savings can be found in gasifier technology or if the 
price of natural gas increases significantly. Possible alternative processing schemes may be 
sought to identify potentially profitable dternativesh this area. Examples of alternative 
processing schemes include: 

1. Economically disadvantaged feedstocks (EDF's) such as vacuum residuum and 
petroleum coke should be considered-as potential substitutes for cod. The surplus 
of these refinery derived materials gives rise to a potential window of opportunity 
and may offset some of the economic disadvantages of solid-based feed materials. 

2. The possibility of converting methanol (and other higher alcohols) to ethers via 
condensation type reactions should be considered. For example, dimethyl ether 
(DME) has potential as a diesel fie1 additive (23 3. 

Consideration may be given to such alternatives in the future. 
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10. Appendices 

The appendices that follow contain details of the six cases analyzed, for the smallest 
scale process considered. The appendices are as follows: 

Appendix A 

Appendix B 

Appendix C 

Appendix D 

Appendix E 

Appendix F 

Appendix G 

Appendix H 

Case 1: Texaco gasifier and steam reforming of natural gas 
(including fugitive emissions study) 

Case 2: Lurgi gasifier 

Case 3: Natural gas only 

Case 4: Texaco gasifier and sour gas shift converter 

Case 5: Shell gasifier and sour gas shift converter 

Case 6: Shell gasifier and steam reforming of natural gas 

Case 7: Texaco gasifier and power production facility 
(higher alcohols as by-products and methanol 
burned to provide peaking power) 

:..". .- .. 

Scale-up and comparison of design cases 

Appendices A-G are organized as follows: 

Process description, equipment sizing, and cost 

Flow Sheet 

Flow Table 

Energy Analysis 

In addition, Appendix A contains the results of the fhgitive emissions analysis. Finally, 
Appendix H contains a tabular comparison of the cases, a tabular summary of the capital 
costs for the scaled-up cases, and a tabular summary of the manufacturing cost. 
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Appendix A 

Case 1 
:..si .- I. 

Texaco Gasifier and 
Steam Reforming of Natural Gas 



CASE 1 

The following report gives a brief description of each of the units in the block flow 
diagram. All capital cost data in this report, except where otherwise specified, has been 
estimated from similar installations described in the HQUS ton Area Medb-RTU C d  

ification Project Fiml Report, published in June 1982 by Union Carbide [l] (All 
references to material in this report will be referred to as Houston, and all scaling 
exponents from the Houston report are 0.65). The plant consumes 0.96 million metric 
tons of coal, 0.82 million metric tons of oxygen, 0.18 billion standard cubic meters of 
natural gas, and produces 0.50 million metric tons of mixed alcohols per year. 

SYNGAS PRODUCTION FROM NATURAL GAS 
' . , I . .  ..- ,. 

Compressed natural gas (stream 14) and steam (stream 15) are reacted in the Steam 
Reformation Block. The cooled output gas (stream 17) goes to the Rectisol Block. The 
cost for this unit was estimated fiom data found for a hydrogen production facility, with a 
scaling exponent of 0.8 [2]. The fuel gas usage for this block is estimated to be 30% of 
the natural gas feed. 

COAL PREPARATION 

Coal (stream 10) and water (stream 12), are sent to the Coal Preparation Block. The 
coal is crushed, mixed with the water, and pumped to the gasifier as a -60% solids 
mixture by weight (stream 13). The Coal Preparation Block is composed of four plants 
from the Houston report. Plant 01 is the Coal Slurry Preparation Plant. The cost of this 
plant was scaled linearly due to its multiple train format; where each train can handle up 
to 1,150 tons of coal per day. Plant 61 is the Reclaiming, Transfer, and Crushing Plant. 
The cost of this plant was scaled exponentially. Plant 22 is the Barge Terminal. This 
plant was scaled exponentially. Plant 60 is Coal Receiving and Storage and again the 
cost for this plant was scaled exponentially. 
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CRYOGENIC OXYGEN PLANT 

Compressed air (stream 1) is cooled and sent to the Cryogenic Oxygen Plant Block, 
and is separated into high purity oxygen (stream 2), nitrogen (stream 3), argon (stream 6), 
and a water and carbon dioxide waste mixture (stream 28). A small quantity of nitrogen 
(stream 19) is sent to the Rectisol Block. The Cryogenic Oxygen Plant Block does not 
include the inlet air compressors or the outlet oxygen compressors. In the cryogenic 
system, there are provisions for gaseous and liquid oxygen backups sufficient to maintain 
downstream plant operation in the event of a shutdown in the cryogenic facility. We also 
assume that some scale down is possible for this system, so the capital investment has 
been calculated linearly for the reduction in trains, and exponentially for throughput 
reduction per train. Each train can produce up to 2,000 tons of oxygen per day. The 
Houston plants that comprise the Cryoplant Block are 02 and 08. 

.. I . .  ..- 

RECTISOL 

The cooled raw gas streams (streams 17 and 18), nitrogen gas (stream 19) for 
methanol regeneration, and methanol make-up (stream 20) for vapor loss all enter the 
Rectisol Block. H2S levels are reduced to the ppb range and C02 levels to the, ppm range. 
The clean syngas (stream 22) is sent to the alcohol synthesis loop. A C02-N2 mixture 
(stream 24) and a COZ rich stream (stream 23) are produced as byproducts. Condensed 
water is also removed (stream 17A). This block is the same as Houston Plant 05. The 
cost for this plant was estimated by using exponential scaling. 

TEXACO GASIFIER 

The coal slurry (stream 13) is mixed with compressed oxygen (stream 9) and burned at 
1,200-1,400"C and 8,000 kPa in the Texaco Gasifier Block. The hot, raw gas (stream 8) 
is sent to the Syngas Heat Recovery Block, and the slag (stream 33) is sent to the Slag 
Handling Block. The equivalent of the Texaco Gasifier Block is Plant 03 in the Houston 
report, and each train can handle up to 958.3 tons of coal per day. 
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SLAG HANDLING 

Molten slag €tom the Texaco Gasifier Block (stream 33) is direct quenched with water 
and sent to slag disposal (stream 37). A small amount of water (stream 36) is purged 
from the closed loop and is replaced by water make-up (stream 34). This block is the 
same as muston Plant 63. The cost for this plant was estimated by exponential scaling. 

COS HYDROLYSIS 

The sulfide rich stream from the Rectisol Block (stream 25) and steam are sent to the 
COS Hydrolysis Block where COS is converted to HzS. The product gas (stream 41) is 
sent to the Claus Sulfur Recovery Block. The COS Hydrolysis Block cost is assumed to 
be negligible. ...a_. ..- .'Z 

SYNGAS HEAT RECOVERY 

The raw gas stream from the Texaco Gasifier Block (stream 8) at 1,300"C and 8,000 
kPa enters the Syngas Heat Recovery Block and is cooled against process boiler feed 
water at 25°C (stream 71). The raw gas stream exits at 300°C (stream 18), and the boiler 
feed exits as steam at 10,000 kPa and 535°C (stream 68). It is assumed that the raw gas 
stream is cooled further prior to entering the Rectisol Block. This block is part of 
Houston Plant 04. 

CLAW PLANT 

Hydrogen sulfide rich gas (stream 41) is mixed with air (stream 42) and converted in a 
two-step reaction to elemental sulfur (stream 46). The unreacted hydrogen sulfide 
(stream 45) is then sent to the Beavon Plant for further treatment. This block is the same 
as Houston Plant 06. The cost for this plant was estimated by exponential scaling. 
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BEAVON PLANT 

The Claw tail gas (stream 45) and air (stream 47) go to the Beavon Block. Additional 
sulfur is made (stream 51), and the gas leaving (stream 50) is sufficiently fiee fiom 
sulfides that it can be vented to the atmosphere. A sour water stream (stream 54) is sent 
fiom the plant for treatment. The cost of this block was estimated &om data collected 
from various sources, with a scaiing exponent of 0.65 [3]. 

M o S ~  ALCOHOL SYNTHESIS LOOP 

Clean syngas (stream 26) at 140 atmospheres enters the catalytic reactor along with the 
syngas recycle (stream 56B). The products (stream 26A) are taken to the separations 
block where the unreacted syngas is renioved (stredin 59). Part of this stream (stream 27) 
is sent to power generation while the rest (stream 56) is sent to C02 removal. The cost of 
this block was estimated from the cost of a methanol synthesis loop, with a scaling 
exponent of 0.565 [4]. 

CO, REMOVAL 

This block is very similar to the Rectisol Block. Recycled gas from the alcohol 
separation block (stream 56) is the only feed. C02 free syngas (stream 56A) is then 
recompressed and sent back to the reactor. COZ is taken off as a product (stream 57). 
The cost of this block is calculated the same way as in the Rectisol block. Its power 
requirements are included in the Rectisol block. 

COMBUSTION GAS TURBINE 

The light hydrocarbons extracted fiom the reactor recycle (stream 27) in the Alcohol 
Synthesis Loop are sent to a combustion gas turbine with hot gas heat recovery. The 
power from the combustion gas turbines is assumed to be 35% of the H H V  of the fuel in 
stream 27. This is consistent with recent studies on IGCC plants using medium BTU 
synthesis gas [9]. The cost for this block was estimated from data taken from an EPRI 
report, where each train can produce up to 200 MW with a scaling exponent of 0.67 [lo]. 
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EXHAUST GAS HEAT RECOVERY 

The hot exhaust gas stream from the Gas Turbine Block (stream 70) at 590°C and 101 
kPa enters the Exhaust Gas Heat Recovery Block and is cooled against process boiler 
feed water at.25"C (stream 73). The exhaust gas stream exits at 200°C (stream 73 ,  and 
the boiler feed exits as steam at 10,000 kPa and 535°C (stream 74). The cost for this 
block was estimated from data taken fiom an EPRI report, where each train can generate 
up to 425 tons of steam per hour with a scaling exponent of 0.67 [lo]. This block also 
supplies the reheat between the high pressure and intermediate pressure steam turbines. 

POWER GENERATION 

The steam fiom the Syngas Heat Recovery Black and the Exhaust Gas Heat Recovery 
Block is let down in the steam turbines for power production. The cost for this block was 
estimated fiom data taken fiom an EPRI report, where each train can produce up to 500 
MW with a scaling exponent of 0.67 [lo]. This is a 3-stage steam turbine system. The 
high pressure stage inlet is 535"C, 10,000 kPa steam. The exhaust at 3,000 kPa is 
reheated to 535°C before entering the intermediate pressure stage. The final stage 
exhausts to a surface condenser at 7.4 Wa. Each turbine has an assumed efficiency of 
75%. 
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IMPORTANT POINTS OF INFORMATION 

Several decisions were made for the creation of this case that should be outlined. 
Also, there are alternatives that have not been fully considered which will be considered 
in more detiil later. They are listed below along with the reasons behind them. 

0 

0 

0 

0 

Catalytic stedmethane reformation used to adjust the H2:CO ratio upwards. 
The ratio from coal gasification is less than 1. Since the optimal ratio for higher 
alcohol synthesis is approximately 1.1 - 1.2, an additional source of hydrogen was 
required. The reformer was assumed to operate at equilibrium, as suggested in the 
literature [8]. Other alternatives to this block are available and will be considered. 

The traditional method for purifying high quantities of pure oxygen is by 
cryogenics, which is used for this case. However, recent reports suggest that 
membrane and catalytic processes are becoming economically competitive with 
cryogenics. Therefore, we will examine these alternatives. 

The Rectisol system was chosen for this case for H2S and C02 removal. The 
major alternative to Rectisol is Selexol. The literature indicates that Rectisol has 
a higher installed capital cost, but a lower fixed operating cost than Selexol. Both 
of these systems are capable of removing H2S to the ppm level and beyond. 
However, there is some evidence that quantities of H2S are beneficial if the 
reaction involves the MoS2 catalyst. If this is so, then a system such as the 
Benfield acid gas removal process might be more suitable. The Benfield system 
does not remove as much H2S and has lower capital and operating costs. 

The operating pressure for the Texaco gasifiers has been set at 8,000 Wa. This is 
the highest pressure indicated in the literature at which a Texaco gasifier has been 
run. Since the pressure required at the reactor is 14,000 kPa, we would of course 
like to run the gasifiers at as high a pressure as possible. Another limiting factor 
is the oxygen feed pressure. According to various sources, the highest pressure 
available with conventional centrifugal compressors is around 80 atmospheres. It 
is assumed that, because of the size of this case, a higher cost for the oxygen 
compressor would be acceptable in return for savings on feed gas compression. In 
addition, other gasification systems will also be investigated. 
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TOTAL ESTIMATED CAPITAL INVESTMENT (MMS) 

Synthesis Gas via Natural Gas 
Coal Preparation 
Texaco Gasifier 
Slag Handling 
Gas Turbines 
Steam Turbines 
Exhaust Gas Heat Recovery 
Synthesis Gas Heat Recovery 
Cryogenic Oxygen Production 
Rectisol (Acid Gas Separation) 
Claus (Sulfur Recovery) 
Beavon 
Alcohol Synthesis Loop 
C 0 2  Removal 
Other Compressors 

...a i ..- 

15.9 
40.8 

156.7 
3.0 

45.0 
22.1 

9.9 
4.6 

89.3 
34.9 
10.3 
2.2 

47.2 
26.9 
54.1 

TOTAL 562.8 
(sum of individual block costs does not exactly equal the total due to round-off) 

OVERALL ECONOMIC EVALUATION 

The following table gives the totals and breakdowns fqr the yearly operating costs as 

well as the to td  installed cost for the plant. 

TOTAL ESTIMATED INSTALLED CAFITAL COST (MMS) 
TOTAL ESTIMATED OPERATING COSTS (MMSNR) 

Coel ($33/metric ton delivered) 31.8 

Natural Go8 ($106/1000 cubic meters) 18.7 

Other Expenses 99.2 

TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSNR) 
Power ($O.OSlkWh) 39.2 
Slag ($5.5/metric ton) 161 0.6 
Sulfur ($300/metric ton) I71 6.9 

562.8 
149.6 

46.6 

Credits for nitrogen, argon, and other rare gases have not been included because prices 

were not available and potential markets have not yet been identified. 
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STAND ALONE COMPRESSORS AND POWER SUMMARY 

There are 5 compressors that ere not included in  any of the blocks. Their inlet, outlet, pressure. 

change, power rating, and installed capital cost arwltsted below2:dotlowing that is asummary of 

the total plant power outputfinput [SI. An efficiency of 70% is assumed for all compressors, with a 

maximum pressure ratio of 5 for a single stage of compression. Multiple compression stages with 

intercooling are used for 8e~ 'ces  with pressure ratios greater than 5. 

FUN CTl ON INLET 
STREAM 

Air Prep 1A 

0 2  Prep 2 

Rxtr Prep 22 
Recy Comp 56A 
Total compressor needs 
Other in plant needs 
Total produced in steam and gas turbines 
Net power output 
Total installed compressor costs (1 992 dollars) 

Reform Comp 17C 

P 

(kPa) 
101 
500 
1400 
8106 
12666 

0 UTLET 
STREAM 

1 
9 
17 
26 
568 

P 

W a )  
500 
81 36 
8106 
14000 
1'4000 

POWER COST 

(MW) (MMS) 
-31.1 28.3 
-1 0.8 10.1 
-6.4 5.8 
-7.1 6.2 
-3.6 3.6 

-58.9 
-10.1 

167.0 
98.0 

54.1 
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Figure A.1 : Block Flow Diagram for Case I 
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Table A.l Case 1 Flow Table 

C4H90H 
C5HllOH 
co 
c02 
cos 
CaC03 
H2 
H20 
H2S 
N2 
NH3 
02 
S 
A1203 
C3H602 
C4H802 

? 
I- 
h, 

I 

4770.4 
4.9 4.9 1861.6 

8.9 

3649.6 

80.4 

9.1 

2716.0 
368.3 368.3 3098.6 76.5 

11933.5 11933.5 11933.5 11694.5 _.. 54.3 58.8 

523.5 
89.3 
124.4 

4061.1 

3208.2 3208.2 3208.2 3208.2 

CH4 
C2H6 

kmol/hr 15657.5 15657.5 
kg/hr 449349.1 449349.1 
Temp. (C) 25.0 25.0 
Press.(KPA) 500.0 101.3 

5.7 

3208.2 11933.5 11694.5 142.5 13538.5 3208.2 10235.2 4061.1 
102664.0 334137.8 327447.3 5700.1 283586.3 102664.0 120516.7 73098.9 

25.0 25.0 25.0 25.0 1300.0 225.0 25.0 25.0 
500.0 500.0 500.0 500.0 8135.8 8135.8 101.3 101.3 
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Table A . l  Case 1 Flow Table (cont'd) 

kg/hr 52923.1 39082.0 7861.0 162904.7 420678.3 35983.3 6847.1 12693.4 138404.0 138404.0 
Temp. (C) 25.0 25.0 25.0 98.0 310.0 25.0 25.0 1300.0 25.0 25.0 
Press. (KPA) 8106.0 8106.0 8106.0 14000.0 12666.0 12666.0 500.0 101.3 101.3 101.3 



Table A.l Case 1 Flow Table (cont'd) 

kg/hr 
Temp. ( C )  

Press.(KPA) 

12693.4 8020.7 5826.1 11131.8 2715.1 768.7 10149.9 142.9 1607.6 316794.0 257773.6 
25.0 25.0 25.0 200.0 125.0 25.0 100.0 125.0 50.0 25.0 25.0 
101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 101.3 12666.0 12666.0 



Table A.l Case 1 Flow Table (cont'd) 

? 
r 
cn 

056B 057 059 063 064 .065 067 068 070 071 
Ar 
C 
CH30H 628.3 
C2H50H 655.4 
C3H70H 145.0 
C4H90H 36.5 
C5H110H 15.2 
co 6287.7 7001.9 
c02 1341.4 1493.7 1348.4 
cos 
CaC03 
H2 7076.3 7880.0 
H20 140.1 967.2 10615.6 2717.1 10615.6 
H2 S 

20422.1 20422.1 
NH3 
02 5428.7 3714.7 
s 
A1203 
C3H602 18.0 
C4H802 11.9 
CH4 3933.9 4380.8 
C2H6 154.1 171.6 

5 

!2 

kmol/hr 
kg/hr 
Temp. (C) 
Press. (KPA) 

17452.0 1341.4 20928.0 170.1 1480.4 967.2 25850.8 10615.6 28202.4 10615.6 
257773.6 59020.4 352777.2 4905.1 62996.0 17409.0 745536.0 191080.1 798928.2 191080.1 

45.0 25.0 25.0 25.0 25.0 25.0 25.0 535.0 590.0 25.0 
101.3 10000.0 10000.0 14000.0 12666.01 12666.0 12666.0 12666.0 10000.0 101.3 



T a b l e  A . l  C a s e  1 F l o w  T a b l e  (cont'd) 

I I I 

l60O.01 3600.01 2717.11 14215.6 

I I 073 I 074 I 075 I 076 I 077 I 078 1 

14215.6 14215.6 

c02 1348.4-  
cos 
CaC03 
U? 

H20 
H2S 
N2 
N H 3  

~~ ~ 

20422.1 
_.--- 
02 
S 

A1203 

I I 

1 I 
3714.7 

IC3H602 I I I I I .  I I 



Table A.2 Case 1 Energy Analysis 

ELECTRICITY 

Plant 
Electricity Electricity 

Used Produced 
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Fugitive Emissions Analysis 

Case 1 



EMISSIONS FROM THE SULFUR REMOVAL PROCESS 
CASE 1 

Case 1 is primarily a model of a process that will turn coal into an alcohol based fuel 
additive. This plant is very large, and will have a production of roughly 0.5 million metric 
tons of mixed alcohols per year. In order to properly design this Plant, it is important to 
compare the emissions of this facility with the Threshold Emission levels allowed by the 
government before Best Available Control Technology (BACT) is required. If BACT is 
required it will signiEicantIy affect the cost of our plant. The emissions were estimated 
from the Sufir Removal portion of the plant because all of the sulfur compounds, along 
with a major part of the plant's CO,,-=ozone producing compounds (VOC's that are 
precursors to ozone formation), and two Hazardous Air Pollutants (HAP'S), methanol and 
COS, are found in this part of the process. M e r  the estimations were completed, it was 
found that the H2S, Total Reduced Sulfur (including H2S), Reduced Sulfur Compounds 
(including H2S and COS), Ozone producing VOC's, and the HAP'S were all above the 
Threshold Values. 

If the sine of the plant increases, the total emissions will also increase. The stack 
emissions will go up with any raise in production. However, the hgitive emissions will 
grow only if the amount of equipment increases, for example, more trains are added. 

The estimation of emissions for the sulfur removal process, which includes four blocks 
from Case 1 ; the Rectisol, COS Hydrolysis, Claus, and Beavon blocks (see Figure A.l), 
includes stack emissions and an estimation of the fugitive emissions for the blocks. The 
stack emissions were taken from the Case 1 flowsheet (see Figure A.l and Tables A.l), 
while the fugitive emissions had to be estimated. 

The figitive emissions were estimated by using average emission factors. 

Eij = mjF,Ni 

i = a type of equipment 
j = a component 

Eij = Emissions of component j in equip. i ( k m )  
mj = mass fraction of component i 

Fi = SOCMI Emission Factor for equipment i (kg/hr/source) 
Ni = number of equipment i 

A-20 



The average emission factors (Fi) were taken fiom the Average Emission Factors for 
Synthetic Organic Chemical Manufacturing Industry (SOCMI) Fugitive Emissions (see 
Table A.l), which was taken fiom the U.S. Environmental Protection Agency, Emission 
Factors for Equipment Leaks of VOC and HAP, EPA-450/3-86-002, Research 'Triangle 
Park, NC, 1986. 

Table A.3 

Valves 

Pumps 

Compressors 

Pressure Relief Valves 

Flanges and Other Connectors 

Open-Ended Lines 

Sampling Connectors 

All 

All 

All 

0.0071 
0.00023 

0.0494 
0.021 4 

0.228 

0.1 04 

0.00083 

0.001 7 

0.01 5 

A "light liquid 'I is defined by SOCMI as any fluid that is a liquid at the operating 
conditions and that either: 

(1) 
(2) 

Has a vapor pressure greater than 0.3 kPa at 20OC, or 
Contains at least 20% (by weight) of any component that has a vapor 

pressure greater than 0.3 kPa at 20OC. 

A "heavy liquid" is any fluid that is a liquid at the operating conditions and that is not a 
"light liquid." 

The mass fractions for each component in every stream were estimated fiom actual 
flowsheets and process specifications. The last estimation made was the quantity of each 
type of equipment that released hgitive emissions. This estimation involved a 
classification of each piece of equipment. For example, a reactor would be classified as a 
vertical vessel (see Table A.4). From these classifications, the total number of valves 
could be calculated, by using the Valve Estimations provided by the Chemical 
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Manufacturers Association, Improving Air Quality: Guidance for Estimating Fugitive 
Emissions tiom Equipment, p. 25, Washington, DC, January 1989, along with a 
correlation of the quantity of valves to the number of open-ended lines and flanges. 

Table A.4 

_ . . .  . . . . VALVE ESTIMATIQ&. ..:.;... . . '{ .' ' .. . .  . . . . I  . .  . . 

Pressure Relief Valves 
Flow Transmitter 
Storage 
Pump 
Turbine Meter and Prover Connection 
Vertical Vessel (reactor) 
Horizontal Vessel (settler) 

Number of open ended lines = 50% of the number of valves 

Number of flanges = 420% of the number of valves 

After the estimations and calculations were completed, the total emissions for the 
sufir  removal process were compared to the West Virginia Administrative Repulations, 
Air Pollution Control Commission, Chapter 16-20, Series 14, p. 14-5, 1984. If the 
quantity of a substance released is above its threshold value, then BACT applies. Table 
A S  shows the comparison. 
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Table A.5 

SIGNIFICANT EMISSIONS FROM M E  SULFUR REMOVAL PROCESS 

THRESHOLD TOTAL 
COMPONENTS VALUES EMlSSIONS 

The total emissions for the sulfir rgmoval prijcess were compared to the 1990 Clean 
Air Act Amendment, Section 301. Any plant that emits 25 tons per year of b y  
combination of HAP'S, or more than 10 tons per year of any HAP compound is classified 
as a "major source" and is subject to stringent air pollution control. This portion of the 
plant has two HAP'S: methanol and COS. The COS emitted is 0.9 tons per year, which is 
well below the limit. However, the methanol is well above the limit, 73.69 tons per year, 
which pushes the plant over the combined 25 tons per year l i t  by 49.59 tons per year. 
Thus, the plant is a major source of HAP's. 

The conclusion is that for SO, compounds, we will have no trouble meeting 
regulations because no other place in our plant has any SO,. However, H2S, Total 
Reduced Sulfk Including H2S, Reduced Sufir  Compounds Including H2S, and Ozone 
(VOC excluding non-reactives) are above the thresholds for BACT. The threshold value 
is not just for a particular part of the plant, it is a cumulative valve that includes the entire 
plant. Therefore it is a possibility that CO emissions will surpass the threshold, along with 
an increase in the Ozone (VOC) emissions because all of the alcohols (which are VOC's) 
are produced in the other portion of the plant. Also the plant is well over the HAP'S limit, 
due to the large amount of methanol going up the stack. 

The following tables (A.6-A.8) contain a summary of the emissions fiom the Stack, 
the figitive emissions, and the total emissions for the sulfir removal process. 
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Table A.6 

STACK EMISSIONS FROM THE SULFUR REMOVAL PROCESS 

ESTIMATED FUGITIVE 

Table A.7 
.. .. c- 

EMISSIONS FROM THE SULFUR REMOVAL PROCESS 

Table A.8 

TOTAL (stack plus fugitive) EMISSIONS FROM THE SULFUR REMOVAL PROCESS 
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RECTISOL PLANT 

The flowsheet for the Rectisol Plant was taken from the Houston Area Medium-BTU 
Coal Gasification Proiect Final Reuort, published in June 1982 by Union Carbide (Further 
references to this will be referred to as Houston). The information needed for the flow 
estimations was taken from Houston as well as the Gas Process Handbook '92, 
Hydrocarbon Processing, April 1992, p. 125. 

Table A.9 

RECTlSOL PIANT OVERALL FUGITIVE EMISSIONS 
FOR TWO TRAINS 

The following tables (A.10-A.25) are the actual estimations made for the Rectisol 
Plant in case 1. 
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Table A. 10 

3 
4 
4 
3 

ESTIMATION OF FUGITIVE EMISSIONS FOR THE RECTISOL 

Separators (Knockout Drums) 
Towers 
Heat Exchangers 
Pumos 

. .  1' QUANTITY I... . ACfUA€..EQUlPMENT' . . 

1 
4 
37 

Compressor 
Pressure Relief Valves 
Flow Transmitters 

1 QUANTIlY. 1, ESTIMATED EQUIPMENT. 
623 Valves 
312 Open - Ended Lines 

261 7 Flanges 

1 QUANTITY k EQUIPMENT WITH FUGITIVES 
623 Valves 
3 Pumps . I 

~~ 

261 7 
31 2 

1 I Compressors 
4 I Pressure Relief Valves 

Flanges 
Open - Ended Lines 

PLANT 
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TnM. A . l l  

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

INLET STREAM (ga8) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN' 

Valves Pump; Comprerrors Rsrrure Relief Flanger Open - Ended Uner 

0.0066 0 0 0 ;; 0.00083 0.0017 
Valve8 

12 0 0 0 60 6 

COMWNENT 

co 
c 0 2  
cos 
H2 

H20 
H2S 
N2 

NH3 
CH4 

CH30H 

EMISSIONS FROM : TOTAL 
Valves Pump8 Compressors Resrure Rellef Flanger Open - Ended UfW8 EMISSIONS 
(kghr) (kghr) (kghr) Valve8 (kghr) (kahr) (kghr )  (kalhr) 

3.06E-02 0 0 0 1.01E-02 4.66 €43  6.43E-02 
1 A7E-02 0 0 0 1.04E-02 2.63E-03 2.06E-02 
4.0 1E-06 0 0 0 3.06E-06 7.46E-06 8.72E-06 

1.64E-02 0 0 0 1.02E-02 2.40E-03 2.81E-02 
6.73E-04 0 0 0 3.67E-04 8.60E-06 1.02E-03 
2.00E-04 0 0 0 1.86E-04 4.63E-06 6.30E-04 
3.30E-06 0 0 0 2.06E-06 6.01E-06 6.86E-06 
1.01E-04 0 0 0 6.32E-06 1.64E-06 1.80E-04 

2.46E-03 0 0 0 1.63E-03 3 -74 € 4 4  4.37E-03 

6.24E-06 0 0 0 3.26E-06 ' 7.06E-07 e.30~-06 



TOM. A.12 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

FEED HEAT EXCHANQER AND KNOCKOUT MSSEL (WB) 

ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

Open - Ended Unss Valves ' Pumps Compressors Rasrure Relief Flanger 
Valves 

0 0 0 <: 0.00083 0.0017 0.0066 

EQUIPMENT TYPE QUANTITY 

Horizontal Verrler 

n 

62 

Heat - Excha err (Heat1 Side) 
Heat - Excha err (Cooli Side) 
Load or Unloadi Point 
Flow Tranrmltterr 
Turblne Meter and Rover Comctlon 

0 0 0 218 26 



Tab& A.13 

0.0068 
29 

EMISSION FACTOR 
QUANTITY 

QAS ABSORBER WASH TOWER (gam) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

Valves 

0 0 0 .  ;: 0.00083 0.0017 
0 0 0 122 16 

I I Pumps I ~ompraesore I Remure Reliof I Flanger EQUIPMENT WITH FUGITIVES Valves I lopen - Ended Unes 

COMPONENT 



TaM. A.14 

FLOW SUMMARY 
. co 
c02 

QAS ABSORBER WASH TOWER (Yqukl) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

kgmolhr kphr mass fraction 
0 0 0 
0 0 0 

EQUIPMENT WITH FUGITIVES Valve8 Pumps Compresrorr Pressure Relief Flanger 

EMISSION FACTOR 0.007 1 0 0 0 :’ 0.00083 
QUANTITY 20 0 0 0 122 

Valver 

I cos I 0 I 0 I 0 I 

Open - Ended LIME 

0.0017 
15 



Tablr A.16 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

H2, CO RECLAIMER 81 (Bquld) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNBHIFTED RECTISOL 

Valver W P .  Comprarsorr Prarrure Relief Flanger Open - Ended Uner 

0.0071 0 
Valver 

0 0.104 .. 0.00083 0.0017 
e1 

TRAIN 

0 0 1 5; 266  31 

COMPONENT 

co 
c02 
cos 
H2 

H20 
H2S 
N2 

NH3 
CH4 

CH30H 

EMISSIONS (kghr) FROM : TOTAL 

(kghr) (knhr) Valver (kahr) (kghr) (kghr) IkmW 
Compresrorr Prerrure Rellef Flanger Open - Ended Uner EMIS610NS Valves Pumps 

(kghr) 
0 4.48E-02 9.1 SE-02 2.23E-02 3.46E-01 
0 6.42602 1.1 1E-01 2.70E-02 4.18E-01 

0 3.63E-03 7.42E-03 1.81E-03 2.80E-02 * 

1 B8E-01 0 
2.28E-01 0 

0 0 
1.61E-02 0 

0 0 0 
0 0 0 

4.04E-03 0 0 
4.48E-04 0 0 1.07E-04 2.19E-04 6.34E-06 
1.37E.03 0 

0 0 

0 0 0 0 0 

0 0 0 0 
0 0 0 0 

0.7 1 E 0 4  1.99E-03 4.84E-04 7.48E-03 
8.26E-04 

0 3.30E-04 6.76E-04 1 . B S E - ~ ~  2.64E.03 
0 0 0 0 0 



TaM. A.16 

Flanger 

0.007 1 0 0 0.104 :; 0.00083 
81 0 0 1 268 

EQUIPMENT WITH FUGITIVES Valves Pum'ps Comprerwrr Pressure Relief 

EMISSION FACTOR 

Valves 

H2, CO RECLAIMER Ir2 (Yqukl) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

Open - Ended Uner 

0.0017 
31 

EMISSIONS ( k p h r )  FROM : TOTAL 
Valves Pumps Compreswrr Presrure Relief nw08 Open - Ended U n e m  EMISSIONS 
(kghr) (knhr) (kfihr) Valves (kgihr) (kphr) (knhr) (kghr) 

COMPONENT 

1.79E-01 0 0 4.31 €42  8.81E-02 co 
c02 2.17E-01 

1.28E-03 cos 

H2O 
H2S 
N 2  

NH3 
CH4 

3.32 E-0 1 
0 0 5.22E-02 1.07E-01 2.80E-02 4.02E-01 
0 0 3.08E-04 6.30E-04 '1 54E-04 2.38E-03 

2.80E-02 0 3.49E-03 7.14E-03 

2.78E-02 1.49E-02 0 0 3.58E-03 7.33E.03 
3.89E-03 0 0 9.36E-04 1 .B 1E-03 4.88E-04 7.20E-03 

4.2BE-04 0 0 1 . 0 3 3 4  2.1 1E-04 6.14E-06 7.04E-04 
1.32E-03 0 0 3.18E-04 6.60E-04 1.58E-04 2.45E-03 

2.16E-02 

1.74E-03 

1.79E-03 
0 0 

H2 1.46E-02 0 -  
0 0 0 0 0 

0 0 0 0 0 ' 0  0 CH3OH * 

3; 
w 
N 
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FLOW SUMMARY kgmolhr k g h r  
co 70 1 18622 
c02 0 0 

Tabla A.17 

mass fraction 
9.26E-01 

0 

H2, CO RECYCLE STREAM (988) 

ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

cos 
H2 

H20 
H2S 
N2 

NH3 

0 0 0 

0 0 0 
0 0 0 
0 0 0 
0 0 0 

796 1690 7.60E-02 
cos 
H2 

H20 
H2S 
N2 

NH3 

0 0 0 

0 0 0 
0 0 0 
0 0 0 
0 0 0 

796 1690 7.60E-02 

I CH4 I 0 1 0 I 0 
CURnH n 0 0 I 

EQUIPMENT WITH FUGITIVES Valves Pumps Compres8ors ReSELlre Reliaf flaw08 Open - Ended Uno8 

EMISSION FACTOR 0.0066 0 0.228 0 0.00083 0.0017 
Valves i' 

1 TOTALFLOW I 1486 I :; 21212 I 

+QUANTITY 47 0 1 0 197 24 b 

7 w w 



T.M. A.18 

EQUIPMENT WITH FUGITIVES VJlVeS Pumps Compressors Rerrure Relief flanges 

EMISSION ' FACTOR 0.0068 0 0 0 ' i. 0.00083 
QUANTITY 28 0 0 0 118 

Valves 

PURIFIED QAS STREAM 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

Open - Ended Unes 

0.0017 
14 

LOWSUMMARY I kgmolku I kglhr I mess fraction 
co I 2338 66416 I 0.26E-Ol 

EMISSIONS 



Tabh A.19 

EMISSION FACTOR 
QUANTITY 

UNSHIFtED QAS METHANOL -WATER SEPARATION TOWER (bUld) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

Valves 
0.007 1 0 0 0.104 :< 0.00083 0.0017 

44 0 0 1 ' 186 22 

 EQUIPMENT WITH FUGITIVES V.lv.r RKnps I Compressors I Pressure Relief I Flanges lopen - Ended Una. I I 

. COMPONENT 



TaM. A.20 

UNSHIFTED GAS STRIPPING COLUMN (kquld) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFFED RECTISOL TRAIN 

EMISSION FACTOR 
QUANTITY 

IFLOW SUMMARY I kgmoUhr I k g h  I mass fraction I 

Valves 
0.0071 0 - 0  0 1:. 0.00083 0.0017 

36 0 0 0 147 18 

IEQUIPMENT WITH FUGITIVES I Valves I Pumps I ~omprassors I Ressure Relief I FI.nges lopen - Ended Unes 1 



Tablo A.21 

Flanges Valves Pumps Compressorr Rersure Relief 

0.0066 0 0 0 ,i' 0.00083 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 

Valves 

UNSHIFTED OAS STRIPPINO COLUMN (gas) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFFED RECTISOL TRAIN 

Open - Ended L h r  

0.0017 
16 2 9  0 0 0 ' 122 



Tabla A.22 

UNSHIFTED METHANOL REQENERATION TOWER (gar had)  
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

Compressors Ressure Aellef Flange8 
Valve8 

0.0058 0 0 0.104 I; 0.00083 
81 0 0 1 258 

EQUIPMENT WITH FUGITIVES V d V O s  Pumps 

EMISSION FACTOR 
QUANTITY 

IFLOW SUMMARY I kgmolhr I kghr I mass fraction 

Open - Ended Unes 

0.0017 
31 

COMPONENT EMISSIONS 



Tabl. A.23 

EQUIPMENT WITH FUGITIVES Vdves Pump. Compreraora Pressure Relief Flanges Open - Ended Lines 

EMISSION ' FACTOR 0.0071 0.0494 0 0 $7 0.00083 0.0017 
+~UANTITY eo ' 1 0 0 290 36 

Valve. 

UNSWFTED METHANOL REQENERATION TOWER (Iqukl had)  

ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNBHIFTED RECTISOL TRAIN 

EQUIPMENT TYPE QUANTITY 

Vertkal Veaabr 
Horizontal Verrler 
Stor eTwJtr 0 
Rerrura Relief Valver 

Heat - Excha era (Cooli Side) 
Load or Unload1 Point 
Flow Transmitterr 

HOJt - Exch ers ( h a t i  Skh) 

' Turbine Meter and Rover Connection 0 

FLOW SUMMARY k molhr marr fraction 

2.82E-02 

H20 0 
H2S 24 818 3.28E-01 

3 0 0 0 
bn4 0 0 0 

6.44E-01 CH30H 60 1 c-3 
TOTAL FLOW 76 E 

EMISSIONS 

? w 
W 



TaM. A.24 

FLOW SUMMARY 
co 

c 0 2  
cos 
H2 

METHANOL RECYCLE STREAM (Yquid) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNBHIFTED RECTISOL TRAIN 

kgmolhr kphr mars frsctlon 
0 0 0 
0 0 0 
0 0 0 
0 0 0 

H2S 
N2 

NH3 
CH4 

CH3OH 
TOTAL FLOW 

0 0 0 
0 0 0 
0 0 0 
0 0 0 
loo 3200 1 
100 3200 

Pumps Compressors Pressure Relief flange. 

0.007 1 0.0494 0 0 :< 0.00083 
64 2 0 0 ‘ 227 

EQUIPMENT WITH FUGITIVES V.lv.s 
Valves 

EMISSION FACTOR 

Open - Ended Uner 

0.0017 
27 



Tabh A.26 

EMISSION FACTOR 
QUANTITY 

H2S , COS RICH STREAM (gar) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE UNSHIFTED RECTISOL TRAIN 

Valves 
:< 0.00083 0.001 7 

60 8 

0.0071 0 0 0 
12 0 0 0 

IEQUIPMENT WITH FUGITIVES I Valves I Pumps I Compressor. I Rerrure Rellet I FIPwe8 lopen - E ~ W I  L b 8  1 



COS HYDROLYSIS PLANT 

The flowsheet for the COS hydrolysis along with the information needed for the 
stream estimations were taken from the Gas Process Handbook '84, Hydrocarbon 
Processing, April 1984, p. 78. 

Table A 2 6  

COS HYDROLYSIS PLANT OVERALL FUGITIVE EMISSIONS 

The following tables (A.27-A.29) are 'the actual estimations made for the COS 
Hydrolysis Plant in Case 1. 
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Table A.27 

.. . . 1 QUANTITY . . ESTlMATED EQUIPMENT.. 
64 Valves 
32 Open - Ended Lines 
269 Flanges A 

ESTIMATION OF FUGITIVE EMISSIONS FOR THE COS HYDROLYSIS PLANT 

1 QUANTITY i EQUIPMENT WITH FUGITIVES ... ' 
64 Valves 
0 Pumps 
0 Compressors 
1 Pressure Relief Valves 

269 Flanges 
32 Open - Ended Lines 

5 
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MIXER - FREHEATER 
ESTIMATION OF FUGITIVE EMISSIONS FOR COS HYDROLYSIS 

V4ves M P r  Compressors Pressure Relief Flanger 

0.0066 0 0 0 0.00083 
26 0 0 0 109 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
Valves 

Opsn - Ended Liner 

0.0017 
13 

EMISSIONS FROM : 
Valves Pumps Compressors Pressure Relief Flanges Open - Ended Lines 
(kghr) (kghr) (kglhr) Valves (kghr) ( k g h r )  (kghr) 

, COMPONENT 

2.06E-02 8.41 E-02 
1.16E-02 7.69E-02 0 0 0 4.72E-02 

4.48E-03 0 0 0 2.79E-03 6.80E-04 
1.49E-04 0 0 0 9.30E-06 2.27E-06 
6.23E-02 0 0 0 3.26E-02 7.93E-03 
7.41E-03 0 0 0 4 . 8 1 ~ 4 3  1.13E-03 
3.01E-03 0 0 0 1.88E-03 4.67E-04 

1.07E-06 
2.26E-03 0 0 0 1.40E-03 3.42E-04 

co 1.36E-01 0 0 0 

c 0 2  
cos 

H2S 
N2 

NH3 8.08E-06 

0 2  
CH30H 1.30E-04 0 0 0 

TOTAL 
EMISSIONS 

(kghr) 
2.40E-01 
1.36E-01 
7.06E-03 
2.66E-04 
9.27E-02 
1.32E-02 
6.34E-03 
2.30E-04 
4.00E-03 



Tablr A.20 

FLOW SUMMARY 
co 
c02 

HYMIOQENATION I HYMIOLYSIS REACTOR 
ESTIMATION OF FUGITIVE EMISSIONS FOR COS HYDROLYSIS 

kgmoVhr kglhr mass fraction 
0 0 0 
87 3846 6.67E-01 

N2 
NH3 

CH3OH 
0 2  

TOTAL FLOW 

I H2 I 0 I 0 I 0 
H2S 76 2667 3.72E-01 I 

12 347 5.03E-02 
8 141 2.04E-02 
0 6 8.80E-04 
0 0 0 

184 6007 

EMISSION FACTOR 
QUANTITY 

(EQUIPMENT WITH FUGITIVES I Vdvas I I Compressors I Pressure R e k t  I FI8nges lopen - Ended Lines I 
Valves 

0.0068 0 0 0.104 '7 0.00083 0.0017 
38 0 0 1 160 10 

EMISSIONS FROM : TOTAL 
COMPONENT Valves I Pumps I Compressors I Pressure Relief I Flanges ]Open - Ended Lines EMISSIONS 

? 
P 
P 



CLAUS PLANT 

The flowsheet for the Claus Plant was taken from Houston. The information 
needed for the flow estimations was taken from Houston as well as the Gas Process 
Handbook '84. Hydrocarbon Processing, April 1984, p. 74. 

Table A.30 

CLAUS PLANT OVERALL FUGITIVE EMISSIONS 
FOR TWO TRAIN 

The following tables (A.3 1-A.37) are the actual estimations made for the Claus Plant 
incase1. 
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Table A.31 

. QUANTtTY t. ACTUAL EQUIPMENT . : . .: . . . 
2 Separators (Knockout Drums) 
2 Thermal Incinerators 
2 Boilers 
6 Reheaters 
2 
2 Sulfur Condensers 
8 Pressure Relief Valves 

28 Flow Transmitters 

3 - Staged Catalytic Reactors 

ESTIMATION OF FUGITIVE EMISSIONS FOR THE CIAUS PLANT 

1 QUANTFJY 1 . ESTIMATED EQUIPMENT' ._  . . 
520 Valves 
260 Open - Ended Lines 

21  84 Flanges 

5 2 0  
0 
0 
8 

21  84 
260 

Valves 
Pumps 
Compressors 
Pressure Relief Valves 
Flanges 
Open - Ended Lines 

A-46 



Tabb A.32 

EQUIPMENT WITH FUGITIVES Valves Pumps Comprersors Pressure Relief Flanger 

EMISSION. FACTOR 0.0066 0 0 0 4;. 0.00083 
QUANTITY 61 0 0 0 214 

Valves 

SEPARATOR 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE CLAUS TRAIN 

Open - Ended Unes 

0.0017 
26 

EMISSIONS FROM : 
COMPONENT Valves Pumps Comprersorr Resrure Relief Flanges Open - Ended Unes 

(kghr) (kghr) (kgihr) Valves (kg/hr) (k0hr) (ka/hr) 
c 0 2  1.69E-01 0 0 0 O.OOE-02 2.4 1 E-02 
H20 0 0 0 0 0 0 
H2S 1.06E-01 0 0 0 6.61E-02 1.61E-02 
N2 1.44E-02 0 0 0 8.04E-03 2.18E-03 

CH3OH 2.61E-04 0 0 0 1 .S6E-04 3.82E-05 
S 0 0 0 0 0 0 

s o 2  0 0 0 0 0 0 
0 2  ' 0 0 0 0 0 0 

NH3 6.83E-03 0 0 0 3.63E-03 8.86E-04 

TOTAL 
EMISSIONS 

(kphr) 
2.82E.01 

0 

2.SSE.02 
4.4 BE44  

0 
0 
0 

1.04E.02 

i.eaE-01 



TaM. A.33 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

THERMAL INCINERATOR AND BOILER 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE CIAUS TRAIN 

V.lv.r Pumps Compressors Ressure Relbf Flanges Open - Ended Unes 
Valves 

0.0066 0 0 0.104 ? 0.00083 0.001 7 
41 0 0 1 172 21 

. COMPONENT 



Tabla A.34 

EQUIPMENT WITH FUGITIVES Vdver Pumps 

EMISSION FACTOR 0.0068 0 

QUANTITY 52 0 

FIRST REHEATER AND FIRST REACTOR (ITA= 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE C U U S  TRAIN 

Comprersors Ressure RaliSf Flanges Open - Ended Lines 
Valves 

0 0.104 :;. 0.00083 0.0017 
. O  1 218 28 

EMISSIONS FROM : TOTAL 

COMPONENT Valves I Pumps I Compressors I Flanges /Open - Ended LIMB EMISSIONS 



Tabk A.36 

EMISSION FACTOR 

SECOND REHEATER AND SECOND REACTOR STAQE 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE CLAUS TRAIN 

Valves 
0.0058 0 0 0.104 '7 0.00083 0.0017 

lEaUlfWENT WITH FUGITIVES I Valves I h P S  I ~ompresrors I Rerrure Relief I Flanger lopen - ~ n e s  I 

QUANTITY 46 0 0 1 193 23 & 

COMWNENT 



TaM. A.38 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

THIRD REHEATER AND REACTOR STAQE 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE CLAUS TRAIN 

Valves Pumps Comprerwrs Ressure Relief FIUQOE Open - Ended Liner 

0.0068 0 0 0.104 'f. 0.00083 0.001 7 
87 0 0 1 2 8 1  34 

Valves 

COMPONENT 

c 0 2  
H20 
H2S 
N2 

CH3OH 
S 

s o 2  
0 2  

NH3 

EMISSIONS FROM : TOTAL 
Valves Pumps Comprerrorr Reirure Relief Flanges Open - Ended Llnes 
(kgihr) (kghr) (kQhr) Valves (kghr) (kg/hr) (kahr) (kghr)  

EMISSIONS 

1.49E-01 0 0 4.1 3E-02 9.28E-02 2.28E-02 3.0e~-01 
4.63E-02 0 0 1.26E-02 2.82E-02 8.88E-03 9.30E-02 
9.88E-03 0 0 2.74E-03 e. i ~ ~ - 0 3  1.60E-03 2.03E-02 
1.60E-01 0 0 4.17E-02 9.38E-02 2.28E-02 3.09E-01 
2.38E-04 0 0 8.63E-06 1.47E-04 3.68E-06 4.83E-04 

0 0 0 0 0 0 0 
1.49E-02 0 0 4.12E-03 9.28E-03 2.28E-03 3.OSE-02 

O.OOE +oo 0 0 0.00E+00 O.OOE +oo O.00E +OO OBOE +OO 
6.47E-03 0 0 1.62E-03 1 3.40E-03 8.30E-04 1.12E-02 



Tabl. A.37 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

SULFUR CONMNSER 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE CLAUS TRAIN 

Open - Ended Lines Valves h m p 6  Compressors ReESUre R e k f  Fk17jp6 

0.0058 
VdV06 

0 0 0 '; 0.00083 0.0017 
45 0 0 0 188 23 

COMPONENT 



BEAVON PLANT 

The flowsheet for the Beavon Plant along with the information needed for the stream 
estimations were taken fiom the Gas Process Handbook '84. Hvdrocarbon Processing, 
April 1984, p. 88. 

Table A.38 

BEAVON PLANT OVERALL FUGITIVE EMISSIONS 

The following tables (A.39-A.48) are the actual estimations made for the Beavon Plant 
incase1. 

A-5 3 



Table A.39 

. .  1 QUANTLTY I..:. .’ ESTIMATED EQUIPMENT 
442 Valves 
221 Open - Ended Lines 
1856 Flanges 

ESTIMATION OF FUGITIVE EMISSIONS FOR THE BEAVON PLANT 

I. QUANTLTY 1 . ACTUAL EQUIPMENT . . .  

‘QUANTITY j EQUIPMENT WITH FUGITIVES 
442 Valves 

- 

1856 

A-54 



Tabh A.40 

EQUIPMENT WITH FUGITIVES Valves pumps Comprersorr Rersure Relief 
Valves 

EMISSION FACTOR 0.0066 0 0 0 
QUANTITY 29 0 0 0 

FEED COOLER 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

Fl.nges Open - Ended Uner 

' 0.00083 0.0017 
122 15 

COMPONENT 



T m b l .  A.41 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

MSUPERHEATER CONTACT CONDENSER (Iqukl h.0) 

ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

Comprerrors Presrure Relief ,. Flanger Open - Ended Uner Valves Pumps 

0.007 1 0.0494 0 0 0.00083 0.001 7 
83 2 0 0 349 42  

Valver 

I I QUANTITY EQUIPMENT TYPE I 

c 0 2  
0 2  
S 

H20 
H2S 
N2 

NH3 
CH3OH 

I 6 
I '  0 I 

(kghr) (kghr) (kghr) Valves (kghr) (kghr) (kghr) (kghr) 
2.42E-0 1 4.08E-02 0 0 l.lOE-01 2.90E-02 4.31E-01 

O.OOE +OO O.OOE +oo 0 0 0.00E+00 0.00€+00 0.00€+00 

1.81 E-02 2.89E-03 0 0 7.89E-03 1.92E-03 2.88E-02 

0 0 0 0 0 . O  0 

7.70E-02 1.29E-02 0 0 3.78E-02 9.22E-03 1.37E-01 

2.46E-01 4.10E-02 0 0 1.20E-01 2.93E-02 4.3SE-01 
8.89E-03 1.49E-03 0 0 4.38E-03 1 .08E-03 1 58E-02 

6.42E-06 0 0 1.88E-04 4.69E-06 8.81E-04 3.83E-04 



Tab81 A.42 

Valves Pumps Comprasrors Pressure Relief .. f l s g e s  

0.0066 0 0 0 0.00083 

i; 
EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
Valves 

36 0 0 0 147 

DEWPERHEATER CONTACT CONMNGER [vapor *HI) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

Open - Ended Lines 

0.0017 
18 

FLOW SUMMARY I ~pmoimr I I mass fraction 
c 0 2  I 44 1023 4.11E-01 

H20 34 61 1 
H2S 4 128 Z . 1 9 t U ; L  

4.1 6E-0 1 N2 69 1042 
NH3 4 71 

CH3OH 0 3 
TOTAL FLOW 166 4677 

I 

EMISSIONS 



Tab& AA3 

FLOW SUMMARY kpmolhr 
c 0 2  4 4  
0 2  0 

M N T ~ ~ R ~  SCRUBBER I STRIPPER (vapor h.) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

kghr mar6 fraction 
1023 4.11E-01 

0 O.OOE +00 

H20 
H2S 
N2 

NH3 
CH3OH 

TOTAL FLOW 

34  81 1 1.31 E-01 
4 128 2.73E-02 
60 1042 4.16E-01 
4 71 1.61E-02 
0 3 6.60E-04 

166 4877 

EQUIPMENT WITH FUGITIVES Valves hmp6 Compressor6 Resrure Rellef Flanges 

EMISSION FACTOR o.oo6e 0 0 0 ' 0.00083 
QUANTITY 46 0 0 0 103 

Valves 
Opon - Ended U r n s  

0.0017 
2 3  

H2S 
N2 

NH3 
CH30H 

1.26E-02 7.02E-03 0 0 0 4.37E-03 1.07E-03 
1.07E-01 0 0 0 1 L32E-02 1 3OE-01 8.88E-02 
3.80E-03 0 0 0 2.42E-03 6.00E-04 8.80E-03 

2.07E-04 1.67E-04 0 0 0 1.04E-04 2.64E-06 



T m M .  A.44 

Valves 
0.0017 0.00083 EMISSION FACTOR 0.0071 0 0 0 

+QUANTITY 76 0 0 0 310 38 

VENTURI SCRUBBER I STRIPPER (Uqukl h.r) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

IEQUIPMENT WITH FUGITIVES I Valves 1 Pumps I Compressors I Pressure Relief I Flangeo lopen - Ended Unes I 

COMPONENT 



TmM. A.46 

FLOW SUMMARY 
c 0 2  
0 2  
S 

H20 

OWMZER TANK Wqukl) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

k g m o l h  k g h  mass fraction 
0 0 0 

4.82E-02 2 88 
0 0 0 
64 07 1 8.81E-01 

H2S 
N2 

NH3 
CHJOH 

TOTAL FLOW 

1.13E-01 
1.68E-01 

6 182 
8 226 
0 0 0 
0 0 0 
88 1427 

IEQUIPMENT WITH FUGITIVES I Valver I Pump. I Comprerrors I Preaaure Relief I Flange8 lopen - Ended Unes 1 
EMISSION FACTOR 
QUANTITY 

V J h S  
0.007 1 0 0 0.104 0.00083 0.0017 

66 0 0 1 231 2 8  



Tbbh A.46 

EMISSION FACTOR 
QUANTITY 

SLURRY TANK AND WASH Ibquld) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

Valve6 
0.007 1 0 0 0.104 ’ 0.00083 0.0017 

49 0 0 1 206 26 

mar8 fraction 

1.23E-01 
6.92E-01 H20 64 971 

H2S 34 2.42E-02 
N2 226 1.61E-01 

CH3OH I 0 I 0 I 0 
~ ~~~ 

TOTAL FLOW I 88 1403 

IEQUIPMENT WITH FUGITIVES I Valves I Pumps I ~omprerrors I hs66UrO ReUet I flange8 lopen - Ended Unsr I 



Tablo A.47 

S 
H20 
H2S 
N2 

NH3 

TOTAL FLOW 
CH3OH . 

BALANCE TANK (Uqukl) 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

0 0 0 
6.81E-01 20 360 

1 34 5.4BE-02 
8 226 3.84E-01 
0 0 0 
0 0 0 
29 61 B 

FLOW SUMMARY I kgmolhr I kgihr I mass fraction 
c02 I 0 0 I 0 

EMISSION FACTOR 
QUANTITY 

Valves 
0.0071 0 0 0.104 * 0.00083 0.0017 
30 0 0 1 126 16 

lEaUlf’MENT W I T H  FUGITIVES I Valves I Pumps I Compressors I Pressure Relief I FI~nges 1 lopen - Ended Lines 

COMPONENT 

c 0 2  
0 2  

EMISSIONS FROM : TOTAL 
Valves Pumps Compressors Pressure Relief Open - Ended Llnes EMISSIONS Flanges 
(kghr) (kgihr) (kglhr) Valves (kgihr) (kgihr) (knihr) fkglhr) 

0 0 0 0 0 0 0 
0 0 0 0 0 0 0 

t NH3 . I 0 I 0 I 0 I 0 I 0 I 0 I 0 
CH30H 0 0 0 0 0 0 0 1 



Tabla A.40 

EQUIPMENT WITH FUGITIVES 

EMISSION FACTOR 
QUANTITY 

WATER - SULFUR SEPARTOR 
ESTIMATION OF FUGITIVE EMISSIONS FOR ONE BEAVON TRAIN 

Vdver Pumps Comprerrors Pressure Relief Flanges Open - Ended h 8  

0.007 1 0 0 0 ' 0.00083 0.0017 
39 0 0 0 164 20 

Valve. 

I I QUANTITY EQUIPMENT TYPE I 

COMWNENT 
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Lurgi Gasifier 



CASE 2 

The following report gives a brief description of each of the Units in the block flow 
diagram. All capital cost data in this report, except where otherwise specified, h& been 
estimated from similar installations described in the Hguston Area M e W - R T U  Cod 
Gasification Proiect Find Repart, published in June 1982 by Union Carbide [l] (All 
references to material in this report will be referred to as &uston, and all scaling 
exponents from the Houston report are 0.65). The plant consumes 5.0 million metric tons 
of coal, 2.1 million metric tons of oxygen, and produces 0.50 million metric tons of 
mixed alcohols per year. 

COAL PREPARATION 
.. 8 ' .  ..- .. 

Coal (stream 10) is sent to the Coal Preparation Block. The coal is crushed and 
conveyed to the lockhopper on top of the gasifier. The Coal Preparation Block is 
composed of three plants fiom the &uston report. Plant 61 is the Reclaiming, Transfer, 
and Crushing Plant. The cost of this plant was scaled exponentially. Plant 22 is the 
Barge Terminal. This plant was scaled exponentially. Plant 60 is Coal Receiving and 
Storage and again the cost for this plant was scaled exponentially. 

LURGI GASIFIER 

The coal enters the Lurgi gasifier through a lockhopper at the top. The coal flows 
down in the gasifier, counter-current to the gases. The ash settles to the conical bottom of 
the gasifier. The compressed oxygen (stream 9) and steam (stream 12) enter beneath the 
surface of the ash bed, which is supported by a rotating grate. Ash exits from the bottom 
of the gasifier. The syngas exits near the top of the gasifier at 400°C and 2,800 Ha. The 
raw syngas is quenched, some heat is recovered, and the heavy by-products condense and 
are removed. Economic data for this block was obtained from a report on the Great 
Plains Gasification Project, and the cost for this plant was estimated by using exponential 
scaling, where each train can handle up to 958.3 tons of coal per day [5]. 
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CRYOGENIC OXYGEN PLANT 

Compressed air (stream 1) is cooled and sent to the Cryogenic Oxygen Plant Block, 
and is separated into high purity oxygen (stream 2), nitrogen (stream 3), argon (stream 6), 
and a water and carbon dioxide waste mixture (stream 28). A small q u t i t y  of nitrogen 
(stream 19) is sent to the Rectisol Block. The Cryogenic Oxygen Plant Block does not 
include the inlet air compressors or the outlet oxygen compressors. In the cryogenic 
system, there are provisions for gaseous and liquid oxygen backups sufficient to maintain 
downstream plant operation in the event of a shutdown in the cryogenic facility. The 
capital investment has been calculated linearly for the reduction in trains, and 
exponentially for throughput change per train. Each train can produce up to 2,000 tons of 
oxygen per day. The Howston plants that comprise the Cryoplant Block are 02 and 08. 

.. 8.- 
.I- 

.. 
RECTISOL 

The cooled raw gas stream (stream 18), nitrogen gas (stream 19) for methanol 
regeneration, and methanol make-up (stream 20) for vapor loss all enter the Rectisol 
Block. H2S levels are reduced to the ppb range and C02 levels to the ppm range. The 
clean syngas (stream 22) is sent to the alcohol synthesis loop. A C02-N2 mixture (stream 
24) and a COz rich stream (stream 23) are produced as byproducts. Condensed water is 
also removed (stream 17A). This block is the same as Houston Plant 05. The cost for 
this plant was estimated by using exponential scaling. 

cos HYDROLYSIS 

The sulfide rich stream from the Rectisol Block (stream 25) and steam are sent to the 
COS Hydrolysis Block where COS is converted to H2S. The product gas (stream 41) is 
sent to the Claw Sulfur Recovery Block. The COS Hydrolysis Block cost is assumed to 
be negligible. 

CLAUS PLANT 

Hydrogen sulfide rich gas (stream 25) is mixed with air (stream 42) and converted in a 
two-step reaction to elemental sulfur (stream 46). The unreacted hydrogen sulfide 
(stream 45) is then sent to the Beavon Plant for M e r  treatment. This block is the same 
as IAUEIQU Plant 06. The cost for this plant was estimated by exponential scaling. 
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BEAVON PLANT 

The Clam tail gas (stream 45) and air (stream 47) go to the Beavon Block. Additional 
sulfur is made (stream 51), and the gas leaving (stream 50) is sufficiently flee from 
sulfides that it can be vented to the atmosphere. A sour water stream (stream 54) is sent 
from the plant for treatment. The cost of this block was estimated from data collected 
from various sources, with a scaling exponent of 0.65 [2]. 

MoSZ ALCOHOL SYNTHESIS LOOP 

Clean syngas (stream 26) at 140 atmospheres enters the catalytic reactor along with the 
syngas recycle (stream 56B). The products (stream 26A) are taken to the sephtions 
block where the unreacted syngas is remwed ( s t r ep  59). Part of this stream (stream 27) 
is sent to power generation while the rest (stream 56) is sent to C02 removal. The cost of 
this block was estimated from the cost of a methanol synthesis loop, with a scaling 
exponent of 0.565 [3]. 

COZ REMOVAL 

This block is very similar to the Rectisol Block. Recycled gas from the alcohol 
separation block (stream 56) is the only feed. C02 free syngas (stream 56A) is then 
recompressed and sent back to the reactor. C02 is taken off as a product (stream 57): 
The cost of this block is calculated the same way as in the Rectisol block. The power 
requirement for this unit has been included in the Rectisol block. 
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COMBUSTION GAS TURBINE 

The light hydrocarbons extracted from the reactor recycle (stream 27) in the Alcohol 
Synthesis Loop are sent to a combustion gas turbine with hot gas heat recovery. The 
power fiom the combustion gas turbines is assumed to be 35% of the HHV of the fuel in 
stream 27. This is consistent with recent studies on IGCC plants using medium BTU 
synthesis gas [7]. The cost for this block was estimated from data taken from an EPRI 
report, where each train can produce up to 200 MW with a scaling exponent of 0.67 [8]. 

EXHAUST GAS HEAT RECOVERY 

The hot exhaust gas stream fiom the Gas Turbine Block (stream 70) at 590°C and 101 
kPa enters the Exhaust Gas Heat Recovery Block-and is cooled against process boiler 
feed water at 25°C (stream 73). The. exhaust gas stream exits at 200°C (stream 7 3 ,  and 
the boiler feed exits as steam at 10,000 kPa and 535°C (stream 74). The cost for this 
block was estimated from data taken from an EPRI report, where each train can generate 
up to 425 tons of steam per hour with a scaling exponent of 0.67 [8]. This block also 
supplies the reheat between the high pressure and intermediate pressure steam turbines. 

POWER GENERATION 

The steam fiom the Exhaust Gas Heat Recovery Block is let down 1 le steam 
turbines for power production. The cost for this block'was estimated from data taken 
from an EPRI report, where each train can produce up to 500 MW with a scaling 
exponent of 0.67 [8]. This is a 3-stage steam turbine system. The high pressure stage 
inlet is 535"C, 10,000 kPa steam. The exhaust at 3,000 kPa is reheated to 535°C before 
entering the intermediate pressure stage. The final stage exhausts to a surface condenser 
at 7.4 kPa. Each turbine has an assumed efficiency of 75%. 

PRESSURE SWING ADSORPTION 

The clean syngas (stream 22A) is sent to PSA for selective hydrogen removal and 
purification. The adjusted syngas (stream 22AA), which leaves the PSA unit at 200 Ha, 
is compressed and sent on to the reactor while the purified excess hydrogen is sent to the 
plant battery limits for sale if possible. 
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IMPORTANT POINTS OF INFORMATION 

Several decisions were made for the creation of this case that should be pointed out. 
Also, there are alternatives that have not been fully considered which should be viewed in 
more detail. They are listed below along with the reasons behind them. 

The traditional method of producing large quantities of pure oxygen is by 
cryogenics, which is used for this case. However, recent reports have suggested 
that membrane and catalytic processes are becoming economically competitive 
with cryogenics. Therefore, we suggest that more research be done in this area. 

The Rectisol system was chosen for this case for H2S and C02 removal. The 
major alternative to Rectisol is Selexol. The literature indicates that Rectisol has 
a higher installed capital cost, but a lower fixed operating cost than Selexol. Both 
of these systems are capable of removing H2S to the ppm level and beyond. 
However, there is some evidence that substantial quantities of H2S are beneficial 
in the reaction stages of this case. If this is so, then a system such as the Benfield 
Acid Gas removal process might be more suitable. The Benfield system does not 
remove as much H2S and has lower capital and operating.costs. 

The operating pressure for the Lurgi Gasifiers has been set at 2,800 kPa. No data 
have been found on the maximum pressure that a Lurgi Gasifier can be run. Since 
the pressure required at the reactor is 14,000 @a, we would of course like to run 
the gasifiers at as high a pressure as possible. 
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TOTAL ESTIMATED CAPITAL INVESTMENT (MMS) 

Pressure Swing Adsorption 
Coal Preparation 
Lurgi Gasifier 
Gas Turbines 
Steam Turbines 
Exhaust Gas Heat Recovery 
Cryogenic Oxygen Production 
Rectisol (Acid Gas Separation) 
Claus (Sulfur Recovery) 
Beavon 
Alcohol Synthesis Loop 
C02 Removal 
Other Compressors 

.. .. s i  ..- 

TOTAL 
(sum of individual block costs does not exactly equal the total due to round-off) 

20.6 
77.5 

653.4 
356.4 
46.8 
29.6 

21 2.7 
115.5 
29.7 

6.4 
47.2 
4.5 

21 6.6 

1817.1 

OVERALL ECONOMIC EVALUATION 

The following table gives the totals and breakdowns for the yearly operating costs as 

well as the total installed cost for the plant. 

TOTAL ESTIMATED INSTALLED CAPITAL COST (MMS) 
TOTAL ESTIMATED OPERATING COSTS (MMSNR) 

Coal ($33/rnetric ton delivered) 

Other Expenses 

TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSNR)  

Power (SO.05lkWh) 

Sulfur ($300/metric ton) [71 

Coal TarlLiquid By-products ($99.1 /metric ton) 

Hydrogen ($35.31/1000 cubic meters) 

1817.1 
483.7 

163.5 

320.2 

430.2 
31 2.0 

35.2 

43.4 

39.5 

Credits for nitrogen, argon, and other rare gases have not been included because prices 

were not available and potential markets have not yet been identified. 
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STAND ALONE COMPRESSORS AND POWER SUMMARY 

There are 4 compressors that are not included in my of the blo.Fks. Their inlet, outlet, pressure 

change, power rating, and instelled capital cost are listed below. Following that is a summary of 

the total plant power outputlinput [41. An efficiency of 70% is assumed for aU compressors, with a 

maximum pressure ratio of 5 for a single stage of compression. Multiple compression stages with 

intercooling are used for services with pressure ratios greater than 5. 

FUN CTI 0 N INLET 
STREAM 

Air Prep 1A 

02 Prep 2 
Rxtr Prep 22AA 
Recy Comp 56A 

Total compressor needs 
Other in plant needs 
To ta l  produced in s team and gas turbines 

Net power output 

Total installed compressor costs (1 992 dollars) 

P 

(kPa) 
101 
500 

200 
12666 

OUTLET 
STREAM 

1 

9 

26 
568 

P 
(kPa) 
500 

2800 
1.4000 
14000 

POWER 
(MW) 
-81.4 
-1 6.0 

-148.0 
-0.2 

-245.6 

-39.5 
1065.1 

780.1 

COST 
(MMSI 
71.4 
15.0 

129.8 
0.4 

21 6.6 
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Figure B.1 : Block Flow Diagram for Case 2 
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Table B.l Case 2 Flow Table (cont'd) 



T a b l e  B . l  Case 2 F l o w  T a b l e  (cont'd) 



T a b l e  B.l C a s e  2 F l o w  T a b l e  (cont'd) 

I 



. Table B.l Case 2 Flow Table (cont'd) 

td 
I 

cn 
c 



m 
1 
c 
o\ H2S 

N2 
NH3 
02  
,l 

Table B . l  Case 2 Flow Table (cont'd) 

203424.9 

36905.4 

i 

H2 I I. I I I I 
H20 I 43501.6 I 43501.6 I 26973.6 I 43501.6  I 43501.6  I 43501.6 

101 .3  I 7 . 4  I 3000.0 I 3000.0 I 

t 

b 



Table B.2 Case 2 Energy Analysis 

Compressor 4 148.0 0.0 
Compressor 5 . 0.2 0 .o 

;Total 285.1 1065.1 

ELECTRICITY I I 
1 Electricity I Electricity 

1 Plant I Used I Produced I 

omoressor 

I Compressor 2 I 16.0 I 0.0 I 
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Appendix C 
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Case 3 

Steam Reforming of Natural Gas 



CASE 3 

The following report gives a brief description of each of the units in the block flow 
diagram. All capital cost data in this report, except where otherwise specified, have been 
estimated from similar installations described in the Houston Area Medim-BTU Cod 

tion P r o j n  R e m ,  published in June 1982 by Union Carbide [l] (All 
references to material in this report will be referred to as Houston, and all scaling 
exponents from the Houston report are 0.65). The plant consumes 1.2 billion standard 
cubic meters of natural gas per year and produces 0.50 million metric tons of &xed 
alcohols per year. 

SYNGAS PRODUCTION FROM NATURAL GAS 
:: .. L. . 

Compressed natural gas (stream 14) and steam”-(stream 15) are reacted in the Steam 
Reformation Block. The cooled output gas (stream 17) goes to the Rectisol Block. The 
cost for this unit was estimated fiom data found for a hydrogen production facility, with a 
scaling exponent of 0.8 [2]. The fuel gas usage for this block is estimated to be 30% of 
the natural gas feed. 

RECTISOL 

The cooled gas stream (stream 17), nitrogen gas (stream 19) for methanol 
regeneration, and methanol make-up (stream 20) for vapor loss all enter the Rectisol 
Block. COz levels are reduced to the ppm range. The clean syngas (stream 22) is sent to 

. the alcohol synthesis loop. A C02-N2 mixture (stream 24) and a COa rich stream (stream 
23) are.produced as byproducts. Condensed water is also removed (stream 17A). This 
block is the same as Houston Plant 05. The cost for this plant was estimated by using 
exponential scaling. 

PRESSURE SWING ADSORPTION 

The clean syngas (stream 22) is sent to PSA for selective hydrogen removal and 
purification. The adjusted syngas (stream 22AA), which leaves the PSA unit at 200 kPa, 
is compressed and then sent on to the reactor. The purified excess hydrogen is then split 
into two streams. One stream (27A) sent to the plant battery limits for sale, if possible. 
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M o S ~  ALCOHOL SYNTHESIS LOOP 

Clean syngas (stream 26) at 140 atmospheres enters the catalytic reactor along with the 
syngas recycle (stream 56B). The products (stream 26A) are taken to the separations 
block where the unreacted syngas is removed (stream 59). Part of this stream (stream 27) 
is sent to power generation while the rest (stream 56) is sent to C02 removal. The cost of 
this block was estimated from the cost of a methanol synthesis loop, with a scaling 
exponent of 0.565 [3]. 

COZ REMOVAL 

This block is very similar to the Rectisol Block. Recycled gas from the alcohol 
separation block (stream 56) is the only feed. C02 free syngas (stream 56A) is then 
recompressed and sent back to the reactor. COz is taken off as a product (stream 57). 
The cost of this block is calculated the same way as in the Rectisol block. The power 
requirement for this unit is included in the Rectisol block. 

COMBUSTION GAS TURBINE 

The light hydrocarbons extracted fiom the reactor recycle (stream 27) in the Alcohol 
Synthesis Loop are sent to a combustion gas turbine with hot gas heat recovery. The 
power from the combustion gas turbines is assumed to be 35% of the HHV of the fuel in 
stream 27. This is consistent with recent studies on IGCC plants using medium BTU 
synthesis gas [SI. The cost for this block was estimated from data taken fiom an EPlU 
report, where each train can produce up to 200 MW with a scaling exponent of 0.67 [6].  

EXHAUST GAS HEAT RECOVERY 

The hot exhaust gas stream from the Gas Turbine Block (stream 70) at 590°C and 101 
kPa enters the Exhaust Gas Heat Recovery Block and is cooled against process boiler 
feed water at 25°C (stream 73). The exhaust gas stream exits at 200°C (stream 75), and 
the boiler feed exits as steam at 10,000 kPa and 535°C (stream 74). The cost for this 
block was estimated fiom data taken fiom an EPRI report, where each train can generate 
up to 425 tons of steam per hour with a scaling exponent of 0.67 [6]. This block also 
supplies the reheat between the high pressure and intermediate pressure steam turbines. 
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POWER GENERATION 

The steam from the Exhaust Gas Heat Recovery Block is let down in the steam 
turbines for power production. The cost for this block was estimated fiom data taken 
fiom an EPRI report, where each. train can produce up to 500 MW with a scaling 
exponent of 0.67 [6]. This is a 3-stage steam turbine system. The high pressure stage 
inlet is 535"C, 10,000 kPa steam. The exhaust at 3,000 kPa is reheated to 535°C before 
entering the intermediate pressure stage. The frnal stage exhausts to a surface condenser 
at 7.4 kPa, Each turbine has an assumed efficiency of 75%. 

.- .. ...a i ..- 
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TOTAL ESTIMATED CAPITAL INVESTMENT (MM9) 

Pressure Swing Adsorption 

Syngas Reforming 
Rectisol 
Gas Turbines 

Steam Turbines 
Exhaust Gas Heat Recovery 
C 0 2  Removal 
Other Compressors 
Alcohol Synthesis Loop 

15.1 

90.3 
25.8 
45.0 

9.9 
11.1 
26.9 
57.5 

47.2 

TOTAL 328.8 
(sum of individual block costs does not exactly equal the total due t o  round-off) 

:.A:. .- ,- 

OVERALL ECONOMIC EVALUATION 

The following table gives the totals and breakdowns for the yearly operating costs as 

well as the total installed cost for the plant, for Case 3A. 

TOTAL ESTIMATED INSTALLED CAPITAL COST (MMSI 

TOTAL ESTIMATED OPERATING COSTS (MMSNR) 
Natural Gas ($1 06/1000 cubic meters) 164.1 

Other Expenses . 59.2 

TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSNR) 
Hydrogen ($35.31/1000 cubic meters) 95.7 

Power ($0.05/kWh) 16.7 

The following table gives the totals and breakdowns for the yearly operating costs as 

well as the total installed cost for the plant, for Case 38. 

TOTAL ESTIMATED INSTALLED CAPITAL COST (MMS) 
TOTAL ESTIMATED OPERATING COSTS (MMSNR) 

Natural Gas ($61.8/1000 cubic meters) 

Other Expenses 57.9 

95.7 

TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSNR) 
Hydrogen ($20.6/1000 cubic meters) 55.8 

Power ($O.OB/kWh) 16.7 

335.9 

223.3 

1 12.4 

328.8 

153.6 

72.5 

Credits for nitrogen, argon, and other rare gases have not been included because prices 

were not available and potential markets have not yet been identified. 

c-5 



STAND ALONE COMPRESSORS AND POWER SUMMARY 

..Ai ..- .. 
There are 2 compressors that are not included in any of the blocks. Their inlet, outlet, pressure 

change, power rating, and installed capital cost are listed below. Following that is a summary of 

the total plant power outputfinput [41. An efficiency of 70% is assumed for all compressors, with a 

rnexirnum pressure ratio of 5 for a single stage of compression. Multiple compression stages with 

intercooling ere used for services with pressure ratios greater than 5. 

FUNCTION INLET 

Rxtr Prep 22AA 
STREAM 

Recy Comp 56A 

Total compressor needs 

Other in plant needs 

Total produced in steam and gas turbines 
Net power output 
Total installed compressor costs (1 992 dollars) 

P 
(kPa) 
200 

12666 

OUTLET 
STREAM 

26 
568 

P 
(kPa) 
14000 
14000 

POWER 
(MW) 
-60.1 
-3.6 

-63.6 

-1.4 

106.8 
41 -7 

COST 
(MMS) 
53.8 
3.6 

57.5 
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Table C.l Case 3 Flow Table 

C3H602 
C4H802 
CH4 
C2H6 

kg/hr 
Temp. ( C )  
Preae.lKPAl 

kmol/hr 

6646.5 5.2 5.2 5.2 

6646.5 15708.1 35637.3 7807.6 150.1 0.6 26570.5 11444.4 755.5 
106344.5 282745.6 389090.1 140536.0 4202.6 18.4 193148.7 162896.6 33243.2 

25.0 300.0 25.0 25.0 25.0 25.0 25.0 25.0 25.0 
1480.0 1480.0 1400.0 1400.0 1400.0 101.3 1400.0 200.0 1400 0 



Table (2.1 Caee 3 Flow Table (cont'd) 
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T a b l e  C.l Case 3 F l o w  T a b l e  (cont'd) 



T a b l e  C.l C a s e  3 Flow T a b l e  (cont'd) 

H2 S 
N2 
NH3 
02 
S 

075 076 077 078 
Ar 

20181.9 

3651.9 

1347.9 

C2H6 
kmol/hr 
kg/hr 

cos 1 1 1 
CaC03 

27886.4 4298.2 4298.2 4298.2 
789946.7 77367.5 77367.5 77367.5 

H2 1 1 1 1 
H20 I 2704.7 I 4298.2 I 4298.2 1 4298.2 

A1203 
C3H602 
C4H802 

Temp. ( C )  1 200.0 I 40.0 I 380.0 I 535.0 
P r e s n .  ( K P A \ I  101.3 I 7 .4  I 3000.0 I 3000.0 



Table C.2 Case 3 Energy Analysis 

ELECTRICITY 
Electricity . Electricity 

Plant 

Rectisol Plant 
Gas Turbine 
Steam Turbine 
Compressor 4 
Compressor 5 
Total 

I Used 
(MW) (MW) 
1.4 0 
0 80.7 
0 26.1 

60.1 0 
3.6 0 

65.1 ..= ..196.8 

I Produced 
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Appendix D . 
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Case 4- 

Texaco Gasifier and 
Sour Gas Shift Converter 



CASE 4 

The following report gives a brief description of each of the units in the block flow 
diagram. All capital cost data in this report, except where otherwise specified, has been 
estimated fiom similar installations described in the &uston Area Medium-BTU Cod 

on Project Fim1 Report, published in June 1982 by Union Carbide [l] (All 
references to material in this report will be referred to as Houston, and all scaling 
exponents fiom the Houston report are 0.65). The plant consumes 1.3 million metric tons 
of coal, 1.1 million metric tons of oxygen, and produces 0.50 million metric tons of 
mixed alcohols per year. 

COAL PREPARATION 

Coal (stream 10) and water (stream 12), are sent to the Coal Preparation Block. The 
coal is crushed, mixed with the water, and pumped to the gasifier as a -60% solids 
mixture by weight (stream 13). The Coal Preparation Block is composed of four plants 
from the -report. Plant 01 is the Coal Sluny Preparation Plant. The cost of this 
plant was scaled linearly due to its multiple train format; where each train can handle up 
to 1,150 tons of coal per day. Plant 61 is the Reclaiming, Transfer, and Crushing Plant. 
The cost of this plant was scaled exponentially. Plant 22 is the Barge Terminal, This 
plant was scaled exponentially. Plant 60 is Coal Receiving and Storage and again the 
cost for this plant was scaled exponentially. 

TEXACO GASIFIER 

The coal slurry (stream 13) is mixed with compressed oxygen (stream 9) and burned at 
1,200-1,400"C and 8,000 kPa in the Texaco Gasifier Block. The hot, raw gas (stream 8) 
is sent to the Syngas Heat Recovery Block, and the slag (stream 33) is sent to the Slag 
Handling Block. The equivalent of the Texaco Gasifier Block is Plant 03 in the Houston 
report, and each train can handle up to 958.3 tons of coal per day. 
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CRYOGENIC OXYGEN PLANT 

Compressed air (stream 1) is cooled and sent to the Cryogenic Oxygen Plant Block, 
and is separated into high purity oxygen (stream 2), nitrogen (stream 3), argon (stream 6), 
and a water and carbon dioxide waste mixture (stream 28). A small quantity of nitrogen 
(stream 19) is sent to the Rectisol Block. The Cryogenic Oxygen Plant Block does not 
include the inlet air compressors or the outlet oxygen compressors. In the cryogenic 
system, there are provisions for gaseous and liquid oxygen backups sufficient to maintain 
downstream plant operation in the event of a shutdown in the cryogenic facility. We also 
assume that some scale down is possible for this system, so the capital investment has 
been calculated linearly for the reduction in trains, and exponentially for throughput 
reduction per train. Each train can produce up to 2,000 tons of oxygen per day. The 
Houston plants that comprise the Cryoplant Block are 02 and 08. 

.. - . . s i  ..- 

RECTISOL 

The cooled raw gas stream (stream 18), nitrogen gas (stream 19) for methanol 
regeneration, and methanol make-up (stream 20) for vapor loss all enter the Rectisol 
Block. H2S levels are reduced to the ppb range and C02 levels to the ppm range. The 
clean syngas (stream 22) is sent to the alcohol synthesis loop. A C02-N2 mixture (stream 
24) and a C02 rich stream (stream 23) are produced as byproducts. Condensed water is 
also removed (stream 17A). This block is the same as Houston Plant 05. The cost for 
this plant was estimated by using exponential scaling. 
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SLAG HANDLING 

Molten slag fiom the Texaco Gasifier Block (stream 33) is direct quenched with water 
and sent to slag disposal (stream 37). A small amount of water (stream 36) is purged 
fiom the closed loop and is replaced by water make-up (stream 34). This block is the 
same as Houston Plant 63. The cost for this plant was estimated by exponential scaling. 

COS HYDROLYSIS 

The sulfide rich stream from the Rectisol Block (stream 25) and steam are sent to the 
COS Hydrolysis Block where COS is converted to H2S. The product gas (stream 41) is 
sent to the Claw Sulfur Recovery Block. The COS Hydrolysis Block cast is assumed to 

. ,i_ . ..- be negligible. . ,. 

SYNGAS HEAT RECOVERY 

The raw gas stream from the Texaco Gasifier Block (stream 8) at 1,300"C and 8,000 
kPa enters the Syngas Heat Recovery Block and is cooled against process boiler feed 
water at 25°C (stream 71). The raw gas stream exits at 300°C (stream 18), and the boiler 
feed exits as steam at 10,000 kPa and 535°C (stream 68). It is assumed that the raw gas 
stream is cooled further prior to entering the Rectisol Block. This block is part of 
Houston Plant 04. 

CLAUS PLANT 

Hydrogen sulfide rich gas (stream 41) is mixed with air (stream 42) and converted,in a 
two-step reaction to elemental sulfur (stream 46). The unreacted hydrogen sulfide 
(stream 45) is then sent to the Beavon Plant for further treatment. This block is the same 
as Housta Plant 06. The cost for this plant was estimated by exponential scaling. 
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BEAVON PLANT 

The Claus tail gas (stream 45) and air (stream 47) go to the Beavon Block. Additional 
sulfur is made (stream 51), and the gas leaving (stream 50) is sufficiently free from 
sulfides that it can be vented to the atmosphere. A sour water stream (stream 54) is sent 
fiom the plant for treatment. The cost of this block was estimated from data collected 
from various sources, with a scaling exponent of 0.65 [2]. 

MoS2 ALCOHOL SYNTHESIS LOOP 

Clean syngas (stream 26) at 140 atmospheres enters the catalytic reactor along with the 
syngas recycle (stream 56B). The products (stream 26A) are taken to the separations 
block where the unreacted syngas is removed (stream 59). Part of this stream (stream 27) 
is sent to power generation while the resf(stream S-Q is sent to C O ~  removal. The dost of 
this block was estimated fiom the cost of a methanol synthesis loop, with a scaling 
exponent of 0.565 [3]. 

C02 REMOVAL 

This block is very similar to the Rectisol Block. Recycled gas from the alcohol 
separation block (stream 56) is the only feed. COZ free syngas (stream 56A) is then 
recompressed and sent back to the reactor. COZ is taken off as a product (stream 57). 
The cost of this block is calculated the same way as in the Rectisol block. Its power 
requirement is included in the Rectisol block. 
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COMBUSTION GAS TURBINE 

The light hydrocarbons extracted from the reactor recycle (stream 27) in the Alcohol 
Synthesis Loop are sent to a combustion gas turbine with hot gas heat recovery. The 
power from the combustion gas turbines is assumed to be 35% of the HHV of the fuel in 
stream 27. This is consistent with recent studies on IGCC plants using medium BTU 
synthesis gas [7]. The cost for this block was estimated from data taken fiom an EPRI 
report, where each train can produce up to 200 M?W with a scaling exponent of 0.67 [SI. 

EXHAUST GAS HEAT RECOVERY 

The hot exhaust gas stream fiom the Gas Turbine Block (stream 70) at 590°C and 101 
kPa enters the Exhaust Gas Heat Recoxery Block-and is cooled against process bailer 
feed water at 25°C (stream 73). The exhaust gas stream exits at 200°C (stream 75), and 
the boiler feed exits as steam at 10,000 kPa and 535°C (stream 74). The cost for this 
block was estimated from data taken from an EPRI report, where each train can generate 
up to 425 tons of steam per hour with a scaling exponent of 0.67 [8]. This block also 
supplies the reheat between the high pressure and intermediate pressure steam turbines. 

POWER GENERATION 

The steam fiom the Syngas Heat Recovery Block and the Exhaust Gas Heat Recovery 
Block is let down in the steam turbines for power production. The cost for this block was 
estimated from data taken from an EPRI report, where each train can produce up to 500 
MW with a scaling exponent of 0.67 [SI. l?is is a 3-stage steam turbine system. The 
high pressure stage inlet is 535"C, 10,000 kPa steam. The exhaust at 3,000 kPa is 
reheated to 535°C before entering the intermediate pressure stage. The final stage 
exhausts to a surface condenser at 7.4 kPa. Each turbine has an assumed efficiency of 
75%. 

SOUR GAS SHIFT CONVERTER 

Raw fuel gas (stream SA) leaving the Heat Recovery Block is shifted to produce the 
desired H2 to CO ratio needed in the alcohol synthesis reactor. 
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IMPORTANT POINTS OF INFORMATION 

Several decisions were made for the creation of this case that should be outlined, 
Also, there are alternatives that have not been fully considered which will be considered 
in more detail later. They are listed below along with the reasons behind them. 

0 

0 

e 

The traditional method for purifying high quantities of pure oxygen is by 
cryogenics, which is used for this case. However, recent reports suggest that 
membrane and catalytic processes are becoming economically competitive with 
cryogenics. Therefore, we will examine these alternatives. 

The Rectisol system was chosen for this system for H2S and C02 removal. The 
major alternative to Rectisol is Selexol. The literature indicates that Rectisol has 
a higher installed capital cost, but a lower .fixed operating cost than Selexol. Both 
of these systems are capable of removing H2S to the ppm level and beyond. 
However, there is some evidence that quantities of HZS are beneficial if the 
reaction involves the MoS2 catalyst. If this is so, then a system such as the 
Benfield acid gas removal process might be more suitable. The Benfield system 
does not remove as much H2S and has lower capital and operating costs. 

The operating pressure for the Texaco gasifiers has been set at 8,000 kPa. This is 
the highest pressure indicated in the literature at which a Texaco gasifier has been 
run. Since the pressure required at the reactor is 14,000 @a, we would of course 
like to run the gasifiers at as high a pressure as possible. 
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TOTAL ESTIMATED CAPITAL INVESTMENT (MMS) 

Sour Gas Shift 
Coal Preparation 
Texaco Gasifier . 

Slag Handling 
Gas Turbines 
Steam Turbines 
Exhaust Gas Heat Recovery 
Synthesis Gas Heat Recovery 
Cryogenic Oxygen Production 
Rectisol (Acid Gas Separation) 
Claus (Sulfur Recovery) 
Beavon 
Alcohol Synthesis Loop 
C02 Removal 
Other Compressors 

TOTAL 

.. ..A< ..- 

4.4 
51.4 

195.9 
3.7 

45.1 
25.4 

8.9 
5.6 

109.0 
51.3 
12.5 
2.7 

47.2 
26.9 
60.4 

650.3 
(sum of individual block costs does not exactly equal the total due to  round-off) 

OVERALL ECONOMIC EVALUATION 

The following table gives the totals and breakdowns for the yearly operating costs as 

well as the total installed cost for the plant. 

TOTAL ESTIMATED INSTALLED CAPITAL COST (MMS) 

TOTAL ESTIMATED OPERATING COSTS (MMSNR) 

Coal ($33/rnetric ton delivered) 

Other Expenses 

TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSNR) 

Power ($0.05/kWh) 

Slag ($5.5/metric ton) [51 

Sulfur ($300/metric ton) 161 

650.3 

157.8 

43.2 

114.6 

51 .a 
41.7 

0.8 

9.3 

Credits for nitrogen, argon, and other rare gases have not been included because prices 

were not available and potential markets have not yet been identified. 

D-8 



STAND ALONE COMPRESSORS AND POWER SUMMARY 

There are 4 compressors that are not included itvany of the bbcks. Their inlet, outlet, pressure 

change, power rating, and installed capital cost are listed below. Following that is a summary of 

the total plant power outputhnput [41. An efficiency of 70% is assumed for .a11 compressors, with a 

maximum pressure ratio of 5 for a single stage of compression. Multiple compression stages with 

intercooliq are used for senn'ces with pressure ratios greater than 5. 

FUNCTION INLET P OUTLET 
STREAM (kPa) STREAM 

Air Prep 1A 101 1 

0 2  Prep 2 500 9 

Rxtr Prep 22 8030 26 

Recy Comp 56A 12666 568 

Total compressor needs 

Other in plant needs 

Total produced in steam and gas turbines 

Net power output 

Total installed compressor costs (1 992 dollars) 

P POWER COST 

(kPa) (MW) (MMS) 

500 -42.3 37.4 

81 36 -14.7 12.9 

14000 -7.2 6.4 

14000 -3.6 3.6 

-67.8 

-1 5.2 

187.1 

104.2 

60.4 
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T a b l e  D . l  C a s e  4 F l o w  T a b l e s  (cont'd) 



T a b l e  D.l Case 4 F l o w  T a b l e s  (cont'd) 



T a b l e  D.l C a s e  4 Flow T a b l e s  (contld) 



Table D.1 Case 4 Flow Tables (cont'd) 



Table D.2 Case 4 Energy Analysis 

ELECTRICITY 

Plant 
Electricity Electricity 
Used Produced 

/Total I I 187.1 I 
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Case 5 

Shell Gasifier and 
Sour Gas Shift Converter 



CASE 5 

The following report gives a brief description of each of the units in the block flow 
diagram. All capital cost data in this report, except where otherwise specified, has been 
estimated fiom similar installations described in the Houston Area Medium-BTU C& 

on Proiect Final Reurn, published in June 1982 by Union Carbide [l] (All 
references to material in this report will be referred to as Houston, and all scaling 
exponents fiom the Houston report are 0.65). The plant consumes 1.3 million metric tons 
of coal, 1.0 million metric tons of oxygen, and produces 0.50 million metric tons of 
mixed alcohols per year. 

. .  

COAL PREPARATION 

Coal (stream 10) and carbon dioxide (streani"!-12) are sent to the Coal Preparation 
Block. The coal is crushed, mixed with the carbon dioxide, and sent to the gasifier 
(stream 13). The Coal Preparation Block is composed of three plants from the j3ouston 
report. Plant 61 is the Reclaiming, Transfer, and Crushing Plant. The cost of this plant 
was scaled exponentially. Plant 22 is the Barge Terminal. This plant was scaled 
exponentially. Plant 60 is Coal Receiving and Storage and again the cost for this plant 
was scaled exponentially. 

SHELL GASIFIER 

The coal is conveyed by C 0 2  to the gasifier, where it mixes with compressed oxygen 
(stream 9) and is burned at approximately.1,300°C and 2,800 kPa in the Shell Gasifier 
Block. The hot raw gas (stream 8) is sent to the Syngas Heat Recovery Block, and the 
slag (stream 33) is sent to the Slag Handling Block. Each train can handle up to 2,541 
tons of coal per day, with a scaling exponent of 0.65. 

* 
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CRYOGENIC OXYGEN PLANT 

Compressed air (stream 1) is cooled and sent to the Cryogenic Oxygen Plant Block, 
and is separated into high purity oxygen (stream 2), nitrogen (stream 3), argon (stream 6), 
and a water and carbon dioxide waste mixture (stream 28). A small quantity of nitrogen 
(stream 19) is sent to the Rectisol Block. The Cryogenic Oxygen Plant Block does not 
include the inlet air compressors or the outlet oxygen compressors In the cryogenic 
system, there are provisions for gaseous and liquid oxygen backups sufficient to maintain 
downstream plant operation in the event of a shutdown in the cryogenic facility. We also 
assume that some scale down is possible for this system, so the capital investment has 
been calculated linearly for the reduction in trains, and exponentially for throughput 
reduction per train. Each train can produce up to 2,000 tow of oxygen per day. The 
Houston plants that comprise the Cryoplant Block are 02 and 08. 

:: 

RECTISOL 

The cooled raw gas stream (stream 18), nitrogen gas (stream 19) for methanol 
regeneration, and methanol make-up (stream 20) for vapor loss all enter the Rectisol 
Block. H2S levels are reduced to the ppb range and C02 levels to the ppm range. The 
clean syngas (stream 22) is sent to the alcohol synthesis loop. A C02-N2 mixture (stream 
24) and a COZ rich stream (stream 23) are produced as byproducts. Condensed water is 
also removed (stream 17A). This block is the same as Houston Plant 05. The cost for 
this plant was estimated by using exponential scaling. 

SLAG W D L I N G  

Molten slag from the Shell Gasifier Block (stream 33) is direct quenched with water 
and sent to slag disposal (stream 37). A small amount of water (stream 36) is purged 
from the closed loop and is replaced by water make-up (stream 34). This block is the 
same as Houston Plant 63. The cost for this plant was estimated by exponential scaling. 
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COS HYDROLYSIS 

The sulfide rich stream from the Rectisol Block (stream 25) and steam are sent,to the 
COS Hydrolysis Block where COS is converted to H2S. The product gas (stream 41) is 
sent to the Clam Sulfur Recovery Block. The COS Hydrolysis Block cost is assumed to 
be negligible. 

SYNGAS HEAT RECOVERY 

The raw gas stream from the Shell Gasifier Block (stream 8) at 1,300"C and 2,800 kPa 
enters the Syngas Heat Recovery Block and is cooled against process boiler feed water at 
25OC (stream 71). The raw gas stream exits at 300°C (stream 8A), and the boiler feed 
exits as steam at 10,000 kPa and 535°C (strea..,68). It is assumed that the raw gas 
stream is cooled further prior to entering. the Rectisol Block. This block is part of 
€€guston Plant 04. 

CLAUS PLANT 

Hydrogen sulfide rich gas (stream 41) is mixed with air (stream 42) and converted in a 
two-step reaction to elemental sulfur (stream 46). The unreacted hydrogen sulfide 
(stream 45) is then sent to the Beavon Plant for further treatment. This block is the same 
as Houston Plant 06. The cost for this plant was estimated by exponential scaling. 
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BEAVON PLANT 

The Claus tail gas (stream 45) and air (stream 47) go to the Beavon Block. Additional 
sulfur is made (stream 51), and the gas leaving (stream 50) is sufficiently free from 
sulfides that it can be vented to the atmosphere. A sour water stream (stream 54) is sent 
from the plant for treatment. The cost of this block was estimated from data collected 
fiom various sources, with a scaling exponent of 0.65 [2]. 

M o S ~  ALCOHOL SYNTHESIS LOOP 

Clean syngas (stream 26) at 140 atmospheres enters the catalytic reactor along with the 
syngas recycle (stream 56B). The products (stream 26A) are taken to the separations 
block where the unreacted syngas is removed (stream 59). Part of this stream (stream 27) 
is sent to power generation while the rest (stream 56) is sent to COZ removal. The cost of 
this block was estimated from the cost of a methanol synthesis loop, with a scaling 
exponent of 0.565 [3]. 

COz REMOVAL 

This block is very similar to the Rectisol Block. Recycled gas fiom the alcohol 
separation block (stream 56) is the only feed. C02 free syngas (stream 56A) is then 
recompressed and sent back to the reactor. C02 is taken off as a product (stream 57). 
The cost of this block is calculated the same way as h the Rectisol block. Its power 
requirement is included in the Rectisol block. 

COMBUSTION GAS TURBME 

The light hydrocarbons extracted fiom the reactor recycle (stream 27) in the Alcohol 
Synthesis Loop are sent to a combustion gas turbine with hot gas heat recovery. The 
power fiom the combustion gas turbines is assumed to be 35% of the HHV of the he1 in 
stream 27. This is consistent with recent studies on IGCC plants using medium BTU 
synthesis gas (7). The cost for this block was estimated fiom data taken fiom an EPRI 
report, where each train can produce up to 200 MW with a scaling exponent of 0.67 [8]. 
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EXHAUST GAS HEAT RECOVERY 

The hot exhaust gas stream fiom the Gas Turbine Block (stream 70) at 590°C and 101 
kPa enters the Exhaust Gas Heat Recovery Block and is cooled against process boiler 
feed water at 25°C (stream 73). The exhaust gas stream exits at 200°C (stream 75), and 
the boiler feed exits as steam at 10,000 kPa and 535°C (stream 74). The cost for this 
block was estimated fiom data taken fiom an EPRI report, where each train can generate 
up to 425 tons of steam per hour with a scaling exponent of 0.67 [8]. This block .also 
supplies the reheat between the high pressure and intermediate pressure steam turbines. 

POWER GENERATION 

The steam from the Syngas Heat Recovery Block and the Exhaust Gas Heat Recovery 
Block is let down in the steam turbines for power production. The cost for this block was 
estimated fiom data taken fiom an EPRI report, where each train can produce up to 500 
MW with a scaling exponent of 0.67 [8]. This is a 3-stage steam turbine system. The 
high pressure stage inlet is 535"C, 10,000 kPa steam. The exhaust at 3,000 kPa is 
reheated to 535°C before entering the intermediate pressure stage. The final stage 
exhausts to a surface condenser at 7.4 H a .  Each turbine has an assumed efficiency of 
75%. 

SOUR GAS SHIFT CONVERTER 

Raw fuel gas (stream 8A) leaving the Heat Recovery Block is shifted to produce the 
. desired H2 to CO ratio needed in the alcohol synthesis reactor. 
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IMPORTANT POINTS OF INFORMATION 

Several decisions were made for the creation of this case that should be outlined. 
Also, there are alternatives that have not been fully considered which will be considered 
in more detail later. They are listed below along with the reasons behind them. 

The traditional method for purifying high quantities of pure oxygen is by 
cryogenics, which is used for this case. However, recent reports suggest that 
membrane and catalytic processes are becoming economically competitive with 
cryogenics. Therefore, we will examine these alternatives. 

The Rectisol system was chosen for H2S and C02 removal. The major alternative 
to Rectisol is Selexol. The literature indicates that Rectisol has a higher installed 
capital cost, but a lower fued operating c.ost than Selexol. Both of these systems 
are capable of removing HZS to the ppm*-level and beyond. However, there is 
some evidence that quantities of HzS are beneficial if the reaction involves the 
MoS2 catalyst. If this is so, then a system such as the Benfield acid gas removal 
process might be more suitable. The Benfield system does not remove as much 
H2S and has lower capital and operating costs. 

E-7 



TOTAL ESTIMATED CAPITAL INVESTMENT (MMS) 

Sour Gas Shift 
Coal Preparation 
Shell Gasifier 
Slag Handling 
Gas Turbines 
Steam Turbines 
Exhaust Gas Heat Recovery 
Synthesis Gas Heat Recovery 
Cryogenic Oxygen Production 
Rectisol (Acid Gas Separation) 
Claus (Sulfur Recovery) 
Beavon 
Alcohol Synthesis Loop 
C02 Removal 
Other Compressors 

.- 

4.3 
31.9, 

193.2 
3.6 

44.9 
25.8 
8.7 

.5.4 
103.3 
54.4 
12.2 
2.6 

47.2 
26.9 
65.5 

. s i  ..- 

TOTAL 629.9 
(sum of individual block costs does not exactly equal the total due to round-off) 

OVERALL ECONOMIC EVALUATION 

The following table gives the totals and breakdowns for the yearly operating costs as 

well as the total installed cost for the plant. 

TOTAL ESTIMATED INSTALLED CAPITAL COST (MM $1 

TOTAL ESTIMATED OPERATING COSTS (MMSNR) 

Coal ($33/metric ton delivered) 41.7 

Other Expenses 111.0 

TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSNR) 

Power ($0.05/kWh) 41.3 

Slag ($5.5/rnetric ton) [51 0.7 

Sulfur (8300/metric ton) I61 9.0 

629.9 

152.6 

51 .O 

Credits for nitrogen, argon, and other rare gases have not been included because prices 

were not available and potential markets have not yet been identified. 
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STAND ALONE COMPRESSORS AND POWER SUMMARY 

There ere 4 compressors that are not included inrany of the bI.wks. Their inlet, outlet, pressure 

change, power rating, and installed capital cost are listed below. Following that is a summary of 

the total plant power outputfinput [41. An efficiency of 70% is assumed for all compressors, with a 

maximum pressure ratio of 5 for a single stage of compression. Multiple compression stages with 

intercooling are used for services with pressure ratios greater than 5. 

FUNCTION INLET 

STREAM 

Air Prep 1A 
0 2  Prep 2 
Rxtr Prep 22 
Recy Comp 56A 

Total compressor needs 

Other in plant needs 
Total produced in steam and gas turbines 
Net power output 

Total installed compressor costs (1 992 dollars) 

P 

W a )  
101 
500 

2728 
12666 

OUTLET 
STREAM 

1 

9 
26 

568 

P 
kPa) 
500 
2834 
14000 
14000 

POWER 

(MW) 
-38.9 
-7.8 

-21.5 

-3.6 
-71.7 

-1 3.9 
188.9 
103.3 

COST 
(MMS) 
35.0 
7.8 
19.0 

3.6 

65.5 
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Table E.l Case 5 F l o w  Tables 

Ar 
C 
CH30H 
C2H50H 
C3H70H 
C4H90H 
C5HllOH 
co 
c02 
cos 
CaC03 
H2 
H20 
H2S 
N2 
NH3 
02 
S 
A1203 
C3H602 
C4H802 
CH4 
C2H6 
HCN 
kgmo 1 / hr 
kg/hr 
Temp. (C) 
Press. lKPAI 

1 1A 2 3 4 6 8 8A 9 .  10 
171.8 171.8 171.8 

8701.0 

8868.6 8868.6 
5.7 5.7 488.1 488.1 

10.7 10.7 

2570.7 2570.7 3555.5 
460.1 460.1 970.8 970.8 100.2 

106.2 106.2 
14911.1 14911.1 14911.1 14437.4 75.6 75.6 77.0 

2.6 2.6 
4009.4 4009.4 4009.4 4009.4 685.2 

116.9 
162.9 

2.0 2.0 

19558.2 19558.2 4009.4 14911.1 14437.4 171.8 13095.4 13095.4 4009.4 13398.7 
561 21 9.3 561 21 9.3 128300.5 41 751 1.3 404246.4 6873.2 298861.2 298861.2 128300.5 157767.4 

25.0 25.0 25.0 25.0 25.0 25.0 1300.0 300.0 141.0 25.0 
500.0 101.3 500.0 500 0 500.0 500.0 71333 - 7 7803 - 9 71333 - 7 101.3 
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T a b l e  E.l C a s e  5 F l o w  T a b l e s  (cont'd) 
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Table E.l Case 5 F l o w  Tables (cont'd) 

75 
Ar 
C 
CH30H 
C2H50H 
C3H70H 

76 77 78 

C4H90H I I I 1 -  
CSH11OH 
co 
c02 
cos 

1344.7 

H20 
H2S 
N2 

2703.6 17874.6 17874.6 17874.6 

20293.1 0 -" 

02 
S 
A1203 
C3H602 
C4H802 

3687.8 

HCN 
kgmo 1 / hr 
kg/hr 
Temp. (C) 
Press. (KPA) 

28029.3 17874.6 17874.6 17874.6 
794050.3 321742.7 321742.7 321742.7 

200.0 40.0 380.0 535.0 
101.3 7.4 3000.0 3000.0 



Table E.2 Case 5 Energy Analysis 
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Appendix F 

Case 6 

Shell Gasifier and 
Steam Reforming of Natural Gas 



CASE 6 

All capital cost data in this report, except where otherwise specified, has been 
estimated fiom similar installations described in the Houston Area Medium-BTU Co 

Project Final Report, published in June 1982 by Union Carbide [l] (A: 
references to material in this report will be referred to as u, and all scaling 
exponents fiom the Houston report are 0.65). The plant consumes 0.59 million metric 
tons of coal, 0.48 million metric tons of oxygen, 0.35 billion standard cubic meters of 
natural gas, and produces 0.50 million metric tons of mixed alcohols per year. 

SYNGAS PRODUCTION FROM NATURAL GAS 

Compressed natural gas (stream 14) and stem,(stream 15) are reacted in the, Steam 
Reformation Block. The cooled output’*gas (stre& 17) goes to the Rectisol Block. The 
cost for this unit was estimated from data found for a hydrogen production facility, with a 
scaling exponent of 0.8 [2]. The fuel gas usage for this block is estimated to be 30% of 
the natural gas feed. 

COAL PREPARATION 

Coal (stream 10) and carbon dioxide (stream 12) are sent to the Coal Preparation 
Block. The coal is crushed, mixed with the carbon dioxide, and sent to the gasifier 
(stream 13). The Coal Preparation Block is composed of three plants fiom the Houston 
report. Plant 61 is the Reclaiming, Transfer, and Crushing Plant. The cost of this plant 
was scaled exponentially. Plant 22 is the Barge Terminal. This plant was scaled 
exponentially. Plant 60 is Coal Receiving and Storage and again the cost for this plant 
was scaled exponentially. 
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CRYOGENIC OXYGEN PLANT 

Compressed air (stream 1) is cooled and sent to the Cryogenic Oxygen Plant Block, 
and is separated into high purity oxygen (stream 2), nitrogen (stream 3), argon (stre& 6),  
and a water and carbon dioxide waste mixture (stream 28). A small quantity of nitrogen 
(stream 19) is sent to the Rectisol Block. The Cryogenic Oxygen Plant Block does not 
include the inlet air compressors or the outlet oxygen compressors. In the cryogenic 
system, there are provisions for gaseous and liquid oxygen backups sufficient to maintain 
downstream plant operation in the event of a shutdown in the cryogenic facility. We'also 
assume that some scale down is possible for this system, so the capital investment has 
been calculated linearly for the reduction in trains, and exponentially for throughput 
reduction per train. Each train can produce up to 2,000 tons of oxygen per day. The 
Houston plants that comprise the Cryoplant Block are 02 and 08. 

REXTISOL 

The cooled raw gas streams (streams 17 and 18), nitrogen gas (stream 19) for 
methanol regeneration, and methanol make-up (stream 20) for vapor loss all enter the 
Rectisol Block. H2S levels are reduced to the ppb range and C02 levels to the ppm range. 
The clean syngas (stream 22) is sent to the alcohol synthesis loop. A C02-N2 mixture 
(stream 24) and a COz rich stream (stream 23) are produced as byproducts. Condensed 
water is also removed (stream 17A). This block is the same as Houston Plant 05. The 
cost for this plant was estimated by using exponential scaling. 

SHELL GASIFIER 

The coal is conveyed by C 0 2  to the gasifier, where it mixes with compressed oxygen 
(stream 9) and is burned at approximately 1,300"C and 2,800 kPa in the Shell Gasifier 
Block. The hot raw gas (stream 8) is sent to the Syngas Heat Recovery Block, and the 
slag (stream 33) is sent to the Slag Handling Block. Each train can handle up to 2,541 
tons of coal per day, with a scaling exponent of 0.65. 
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SLAG HANDLING 

Molten slag f?om the Shell Gasifier Block (stream 33) is direct quenched with water 
and sent to slag disposal (stream 37). A small amount of water (stream 36) is'purged 
from the closed loop and is replaced by water make-up (stream 34). This block is the 
same as fIoustQn Plant 63. The cost for this plant was estimated by exponential scaling. 

COS HYDROLYSIS 

The sulfide rich stream fiom the Rectisol Block (stream 25) and steam are sent to the 
COS Hydrolysis Block where COS is converted to H2S. The product gas (stream 41) is 
sent to the Claw Sulfur Recovery Block. The COS Hydrolysis Block cost is assumed to 

-. .i ..- be negligible. .e: 

SYNGAS HEAT RECOVERY 

The raw gas stream fiom the Shell Gasifier Block (stream 8) at 1,300"C and 2,800 kPa 
enters the Syngas Heat Recovery Block and is cooled against process boiler feed water at 
25°C (stream 71). The raw gas stream exits at 300°C (stream 18), and the boiler feed 
exits as steam at 10,000 kPa and 535°C (stream 68). It is assumed that the raw gas 
stream is cooled M e r  prior to entering the Rectisol Block. This block is part of 
Houston Plant 04. 
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CLAUS PLANT 

Hydrogen sulfide rich gas (stream 41) is mixed with air (stream 42) and converted in a 
two-step reaction to elemental sulfur (stream 46). The unreacted hydrogen sulfide 
(stream 45) is then sent to the Beavon Plant for further treatment. This block is the same 
as Houston Plant 06. The cost for this plant was estimated by exponential scaling. 

BEAVON PLANT 

The Claus tail gas (stream 45) and air (stream 47) go to the Beavon Block. Additional 
sulfur is made (stream 51), and the gas leaving (stream 50) is sufficiently free from 
sulfides that it can be vented to the atmosphere. A sour water stream (stream 54) is sent 
from the plant for treatment. The cost-gf this block was estimated fiom data collected 
from various sources, with a scaling exponent of 0:65 [3]. 

M o S ~  ALCOHOL SYNTHESIS LOOP 

Clean syngas (stream 26) at 140 atmospheres enters the catalytic reactor along with the 
syngas recycle (stream 56B). The products (stream 26A) are taken to the separations 
block where the unreacted syngas is removed (stream 59). Part of this stream (stream 27) 
is sent to power generation while the rest (stream 56) is sent to COz removal. The cost of 
this block was estimated f?om the cost of a methanol synthesis loop, with a scaling 
exponent of 0.565 [4]. 
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CO, REMOVAL 

This block is very similar to the Rectisol Block. Recycled gas fiom the alcohol 
separation block (stream 56) is the only feed. C02 fiee syngas (stream 56A) is then 
recompressed and sent back to the reactor. C02 is taken off as a product (stream 57). 
The cost of this block is calculated the same way as in the Rectisol block. Its power 
requirement is included in the Rectisol block. 

COMBUSTION GAS TURBINE 

The light hydrocarbons extracted fiom the reactor recycle (stream 27) in the Alcohol 
Synthesis Loop are sent to a combustion gas turbine with hot gas heat recovery. The 
power from the combustion gas turbinesk assumed-to be 35% of the HHV of the fuel in 
stream 27. This is consistent with recent studies on IGCC p€ants using medium BTU 
synthesis gas [9]. The cost for this block was estimated fiom data taken from an EPRI 
report, where each train can produce up to 200 MW with a scaling exponent of 0.67 [lo]. 

EXHAUST GAS HEAT RECOVERY 

The hot exhaust gas stream fiom the Gas Turbine Block (stream 70) at 590°C and 101 
kPa enters the Exhaust Gas Heat Recovery Block and is cooled against process boiler 
feed water at 25°C (stream 73). The exhaust gas stream exits at 200°C (stream 7 3 ,  and 
the boiler feed exits as steam at 10,000 kPa and 535°C (stream 74). The cost for this 
block was estimated fiom data taken from an EPRI report, where each train can generate 
up to 425 tons of steam per hour with a scaling exponent of 0.67 [lo]. This block also 
supplies the reheat between the high pressure and intermediate pressure steam turbines. 

POWER GENERATION 

The steam from the Syngas Heat Recovery Block and the Exhaust Gas Heat Recovery 
Block is let down in the steam turbines for power production. The cost for this block was 
estimated fiom data taken from an EPRI report, where each train can produce up to 500 
MW with a scaling exponent of 0.67 [lo]. This is a 3-stage steam turbine system. The 
high pressure stage inlet is 535OC, 10,000 kPa steam. The exhaust at 3,000 kPa is 
reheated to 535°C before entering the intermediate pressure stage. The final stage 
exhausts to a surface condenser at 7.4 kPa. Each turbine has an assumed efficiency of 
75%. 
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IMPORTANT POINTS OF INJ?ORMATION 

Several decisions were made for the creation of this case that should be outlined. 
Also, there are alternatives that have not been fully considered which will be considered 
in more detail later. They are listed below along with the reasons behind them. 

Catalytic stedmethane reformation used to adjust the H2:CO ratio upwards. 
The ratio from coal gasification is less than 1. Since the optimal ratio for higher 
alcohol synthesis is approximately 1.1 - 1.2, an additional source of hydrogen was 
required. The reformer was assumed to operate at equilibrium, as suggested in the 
literature [8]. Other alternatives to this block are available and will be considered. 

The traditional method for purifying high quantities of pure oxygen is by 
cryogenics, which is used for this case. However; recent reports suggest that 
membrane and catalytic processes are becoming economically competitive. with 
cryogenics. Therefore, we will examine t G e  alternatives. 

The Rectisol system was chosen for H2S and C02 removal. The major alternative 
to Rectisol is Selexol. The literature indicates that Rectisol has a higher installed 
capital cost, but a lower fixed operating cost than Selexol. Both of these systems 
are capable of removing H2S to the ppm level and beyond. However, there is 
some evidence that quantities of H2S are beneficial if the reaction involves the 
M0S2 catalyst. If this is so, then a system such as the Benfield acid gas removal 
process might be more suitable. The Benfield system does not remove as much 
H2S and has lower capital and’operating costs. 
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TOTAL ESTIMATED CAPITAL INVESTMENT (MMS) 

Synthesis Gas via Natural Gas 
Coal Preparation 
Texaco Gasifier 
Slag Handling 
Gas Turbines 
Steam Turbines 
Exhaust Gas Heat Recovery 
Synthesis Gas Heat Recovery 
Cryogenic Oxygen Production 
Rectisol (Acid Gas Separation) 
Claus (Sulfur Recovery) 
Beavon 
Alcohol Synthesis Loop 
C02 Removal 
Other Compressors 

27.8 
19.5 
92.5 
2.2 

44.9 
17.9 
11.0 
3.3 

49.4 
14.5 
7.5 
1.6 

47.2 
26.9 
50.6 

TOTAL 41 6.6 
(sum of individual block costs does not exactly equal the total due to  round-off) 

OVERALL ECONOMIC EVALUATION 

The following table gives the totals and breakdowns for the yearly operating costs as 

. well as the total installed cost for the plant. 

TOTAL ESTIMATED INSTALLED CAPITAL COST (MMS) 
TOTAL ESTIMATED OPERATING COSTS (MMSNR) 

Cod  (S33lrnetric ton delivered) 19.5 
Neturd G u  ($106/1000 cubic meters) 37.6 

Other Exprnoes 73.4 
TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSNR) 

Power (30.05hWh) 33.6 
Slag ($5.5/metric ton) [el 0.3 
Sulfur ($300/rnetric ton) I71 4.2 

41 6.6 
130.5 

38.1 

Credits for nitrogen, argon, and other rare gases have not been included because prices 

were not available and potential markets have not ye t  been identified. 
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STAND ALONE COMPRESSORS AND POWER SUMMARY 

There are 5 compressors that are not included in any of the blocks. Their inlet, outlet, pressure ...' :..ai 

change, power rating, and installed capital cost are listed below. '-Following that is e summary of 

the total plant power outputlinput [51. An efficiency of 70% is assumed for all cornpressors, with a 

maximum pressure ratio of 5 for e single stage of compression. Multiple compression stages wiih 

intercooling are used for services with pressure ratios greater than 5. 

FUNCTION INLET 
STREAM 

Air Prep 1A 
0 2  Prep. 2 
Reform Comp 17C 
Rxtr Prep 22 

Recy Comp 56A 

Total compressor needs 
Other in plant needs 

Total produced in steam and gas turbines 

Net power output 
Total installed compressor costs (1 992 dollars) 

P 
(kPa) 

101 
500 

1400 
2804 

12666 

OUTLET 
STREAM 

1 
9 
17 
26 

568 

P 
(kPa) 

2834 
500 

2804 
14000 

14000 

POWER 

(MW) 

-1 8.2 
-3.6 
-4.9 

-23.9 

-3.6 

-54.2 
4.9 

143.1 
84.0 

COST 
(MMS) 

16.6 
3.7 
4.7 

21.9 

3.6 

50.6 
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Table F . l  Case 6 Flow Table 

kl 
I 
c 
N 

Press. (KPA) I . 500.0 I 101.3 I 500 .0  I 



Table F.l Case 6 Flow Table (cont'd) 

CH4 1523.2  1 . 2  1 . 2  0 . 9  
C2H6 
HCN 
kmol/hr 6580.6 1523.2 3599.8  6377.7 4 5 4 . 1  1789.3  6377.7 6126.0 27 .2  0 . 1  
kg/hr 87561.2 24371.0 64797.0 56961.3 8174 .7  32206.7 56961.3 139806.5 762.0 3 . 3  
Temp. ( C )  2 5 . 0  25 .0  300 .0  2 5 . 0  2 5 . 0  2 5 . 0  25 .0  300 .0  25 .0  25.0 
Press. (KPA) '2833.7 1480.0 1480.0 2803.9 2 8 0 3 . 9  1400.0 1400.0 2803.9 500 .0  1 1 0 1 . 3  

, 



Table  F. l  C a s e  6 Flow Table (cont'd) 

0 2 2  023 024 025 
Ar 
C 
CH30H 0.1 
C2H50H 

026 02 6A 027 028 033 034 

628.3 
655.4 

CH4 
C2H6 
HCN 
kmol/hr 
kq/hr 
Temp. ( C )  
Press. (KPA 

2.1  2.1 4345.7 443.3 
171.6 17.5 

1 1 4 4 1 . 4  243.5 81.9 11441.4 22543.4 2131.1 217.9 76.2 4708.7 
162847.5 9713.2 3151.5 162847.5 420117.3 35926.1 3992.3 7773.3 84757.1 

25.0 25.0 25.0 25.0 275.0 310.0 25.0 25.0 1300.0 I 25.0 
2803.9  1 2803.9 2803.9 2803.9 14000.0 12666.0 12666.0 500.0 101.3 I 101.3 



T a b l e  F.l Case 6 F l o w  T a b l e  (cont'd) 



Table F.l Case 6 Flow Table (cont'd) 

kg/hr 316290.2 257269.8 257269.8 59020.4 352216.3 4905.1 62996.0 17356.3 743282.7 
Temp. (C) 25.0 25.0 45.0 25.0 25.0 25.0 25.0 25.0 25.0 
Press.(KPA) 12666.0 12666.6 14000.0 12666.0 12666.0 12666.0 12666.0 10000.0 101.3 



. T a b l e  F.l C a s e  6 Flow T a b l e  (cont'd) 

kq/hr 
Temp. ( C )  
P r e s s . ( K P A )  ' 

w 
I 

I- - 

110083.5 796565.1 110083.5 75612.0 75612.0 796565.1 185695.5 185695.5 185695.5 
535.0 590.0 25.0 25.0 535.0 200.0 40.0 380.0 535.0 

10000.0 101.3 10000.0 10000.0 10000.0 101.3 7.4 3000.0 3000.0 



Table F . 2  Case 6 Energy Analysis 

ELECTRICITY 

Plant 
Electricity Electricity 

Used Produced 

Coal Preparation Plant 
Cryogenic Oxygen Plant 

(MW) (MW) 
1.2 .- ":'o I 

2.5 0 
Rectisol Plant 
Syn. Gas Heat Recovery 
Claus Plant 
Gas Turbine 
Steam Turbine 
ComDressor 1 

0.6 0 
0.5 0 
0.1 0 
0 80.4 
0 62.6 

18.2 0 

F-18 

Compressor 2 
Compressor 3 
ComDressor 4 

3.6 I 0 
1 

4.9 0 
23.9 I 0 

Compressor 5 1 3.6 
Total 59.0 

0 
143.1 



Case 7 

Texaco Gasifier and Power Production Facility 
(Higher Alcohols as By-Products and Methanol Burned 

to Provide Peaking Power) 



CASE 7 

The following report gives a brief description of each of the units in the block flow 
diagram. All capital cost data in this report, except where otherwise specified, has been 
estimated from similar installations described in the Houston Area M e h - B T U  Coal 

cation Proiect Final Report, published in June 1982 by Union Carbide El] (All 
references to material in this report will be referred to as Houston, and all scaling 
exponents from the Houston report are 0.65). The plant consumes 1.7 million metric tons 
of coal, 1.5 million metric tons of oxygen, and produces 0.089 million metric tons of 
mixed alcohols per year. 

COAL PREPARATION 
.. .... l i  

Coal (stream 10) and water (stream 12), are sent to the Coal Preparation Block. The 
coal is crushed, mixed with the water, and pumped to the gasifier as a -60% solids 
mixture by weight (stream 13). The Coal Preparation Block is composed of four plants 
from the report. Plant 01 is the Coal Slurry Preparation Plant. The cost of this 
plant was scaled linearly due to its multiple train format; where each train can handle up 
to 1,150 tons of coal per day. Plant 61 is the Reclaiming, Transfer, and Crushing Plant. 
The cost of this plant was scaled exponentially. Plant 22 is the Barge Terminal. This 
plant was scaled exponentially. Plant 60 is Coal Receiving and Storage and again the 
cost for this plant was scaled exponentially. 

TEXACO GASIFIER 

The coal slurry (stream 13) is mixed with compressed oxygen (stream 9) and burned 
at 1,200-1,400"C and 8,000 kPa in the Texaco Gasifier Block. The hot, raw gas (stream 
8) is sent to the Syngas Heat Recovery Block, and the slag (stream 33) is sent to the Slag 
Handling Block. The equivalent of the Texaco Gasifier Block is Plant 03 in the &uston 
report, and each train can handle up to 958.3 tons of coal per day. 
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CRYOGENIC OXYGEN PLANT 

Compressed air (stream 1) is cooled and sent to the Cryogenic Oxygen Plant Block, 
and is separated into high purity oxygen (stream 2), nitrogen (stream 3), argon (stream 6), 
and a water and carbon dioxide waste mixture (stream 28). A small quantity of nitrogen 
(stream 19) is sent to the Rectisol Block. The Cryogenic Oxygen Plant Block does not 
include the inlet air compressors or the outlet oxygen compressors. In the cryogenic 
system, there are provisions for gaseous and liquid oxygen backups sufficient to maintain 
downstream plant operation in the event of a shutdown in the cryogenic facility. We also 
assume that some scale down is possible for this system, so the capital investment has 
been calculated linearly for the reduction in trains, and exponentially for throughput 
reduction per train. Each train can produce up to 2,000 tons of oxygen per day. The 
Houston plants that comprise the Cryoplant Block are 02 and 08. 

REXTISOL 

The cooled raw gas stream (stream 18), nitrogen gas (stream 19) for methanol 
regeneration, and methanol make-up (stream 20) for vapor loss all enter the Rectisol 
Block. H2S levels are reduced to the ppb range and CO2 levels to the ppm range. The 
clean syngas (stream 22) is sent to the alcohol synthesis loop. A C02-N2 mixture (stream 
24) and a C02 rich stream (stream 23) are produced as byproducts. Condensed water is 
also removed (stream 17A). This block is the same as Houston Plant 05. The cost for 
this plant was estimated by using exponential scaling. 

SLAG HANDLING 

Molten slag from the Texaco Gasifier Block (stream 33) is direct quenched with 
water and sent to slag disposal (stream 37). A small amount of water (stream 36) is 
purged from the closed loop and is replaced by water make-up (stream 34). This block is 
the same as Houston Plant 63. The cost for this plant was estimated by exponential 
scaling. 
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COS HYDROLYSIS 

The sulfide rich stream from the Rectisol Block (stream 25) and steam are sent to the 
COS Hydrolysis Block where COS is converted to H2S. The product gas (stream 41) is 
sent to the Claus Sulfur Recovery Block. The COS Hydrolysis Block cost is assumed to 
be negligible. 

SYNGAS HEAT RECOVERY 

The raw gas stream fiom the Texaco Gasifier Block (stream 8) at 1,300"C and 8,000 
kPa enters the Syngas Heat Recovery Block and is cooled against process boiler feed 
water at 25°C (stream 71). The raw gas stream exits at 300°C (stream 18), and the boiler 
feed exits as steam at 10,000 kPa and 535°C (stream 68). It is issumed that the Aw gas 
stream is cooled further prior to entering the Rectisol Block. This block is part of 
Houston Plant 04. 

CLAUS PLANT 

Hydrogen sulfide rich gas (stream 41) is mixed with air (stream 42) and converted in 
a two-step reaction to elemental sulfur (stream 46). The unreacted hydrogen sulfide 
(stream 45) is then sent to the Beavon Plant for further treatment. This block is the same 
as Houston Plant 06. The cost for this plant was estimated by exponential scaling. 

BEAVON PLANT 

The Claus tail gas (stream 45) and air (stream 47) go to the Beavon'Block. 
Additional sulfur is made (stream 51), and the gas leaving (stream 50) is sufficiently free 
fiom sulfides that it can be vented to the atmosphere. A sour water stream (stream 54) is 
sent from the plant for treatment. The cost of this block was estimated from data 
collected from various sources, with a scaling exponent of 0.65 [2]. 
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M o S ~  ALCOHOL SYNTHESIS LOOP 

Clean syngas (stream 26) at 140 atmospheres enters the catalytic reactor. The 
products (stream 26A) are taken to the separations block where the unreacted syngas is 
removed (stieam 59). This stream (stream 27) is sent to power generation. The cost of 
this block was estimated fiom the cost of a methanol synthesis loop, with a scaling 
exponent of 0.565 [3]. 

COMBUSTION GAS TURBINE 

The light hydrocarbons extracted from the reactor recycle (stream 27) and the 
methanol produced (stream 102) in the Alcohol Wnthesis Loop in addition to the clean 
synthesis gas stream fiom the Rectisol block (stream 101) are sent to a combustion gas 
turbine with hot gas heat recovery. The power fiom the combustion gas turbines is 
assumed to be 35% of the HHV of the fuel in stream 27. This is consistent with recent 
studies on IGCC plants using medium BTU synthesis gas [7]. The cost for this block was 
estimated from data taken from an EPRI report, where each train can produce up to 200 
MW with a scaling exponent of 0.67 [8]. 

EXHAUST GAS HEAT RECOVERY 

The hot exhaust gas stream from the Gas Turbine Block (stream 70) at 590°C and 101 
kPa enters the Exhaust Gas Heat Recovery Block and is cooled against process boiler 

. feed water at 25OC (stream 73). The exhaust gas stream exits at 200°C (stream 75), and 
the boiler feed exits as steam at 10,000 kPa and 535°C (stream 74). The cost for this 
block was estimated from data taken from an EPEU report, where each train can generate 
up to 425 tons of steam per hour with a scaling exponent of 0.67 [8]. This block also 
supplies the reheat between the high pressure and intermediate pressure steam turbines. 

POWER GENERATION 

The steam from the Syngas Heat Recovery Block and the Exhaust Gas Heat Recovery 
Block is let down in the steam turbines for power production. The cost for this block was 
estimated fiom data taken from an EPRI report, where each train can produce up to 500 
MW With a scaling exponent of 0.67 [SI. This is a 3-stage steam turbine system. The 
high pressure stage inlet is 535OC, 10,000 kPa steam. The exhaust at 3,000 kPa is 
reheated to 535°C before entering the intermediate pressure stage. The final stage 
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exhausts to a surface condenser at 7.4 Ea. Each turbine has an assumed efficiency of 
75%. 

SOUR GAS SHIFT CONVERTER 

Raw he1 gas (stream 8A) leaving the Heat Recovery Block is shifted to produce the 
desired H;! to CO ratio needed in the alcohol synthesis reactor. 
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IMPORTANT POINTS OF INFORMATION 

Several decisions were made for the creation of this case that should be outlined. 
Also, there are alternatives that have not been fully considered which will be considered 
in more detail later. They are listed below along with the reasons behind them. 

e 

The Rectisol system was chosen for this system for H2S and C02 removal. The 
major alternative to Rectisol is Selexol. The literature indicates that Rectisol has 
a higher installed capital cost, but a lower fixed operating cost than Selexol. Both 
of these systems are capable of removing H2S to the ppm level and beyond. 
However, there is some evidence that quantities of H2S are beneficial if the 
reaction involves the MoS2 catalyst. If this is so, 'then a system such as the 
Bedield acid gas removal process might be more suitable. The Benfield system 
does not remove as much H2S @&has lower!-capital and operating costs. 

The operating pressure for the Texaco gasifiers has been set at 8,000 P a .  This is 
the highest pressure indicated in the literature at which a Texaco gasifier has been 
run. Since the pressure required at the reactor is 14,000 kPa, we wodd of course 
like to run the gasifiers at as high a pressure as possible. 
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TOTAL ESTIMATED CAPITAL INVESTMENT (MMS) 

Sour Gas Shift 
Coal Preparation 
Texaco Gasifier 
Slag Handling 
Gas Turbines 
Steam Turbines 
Exhaust Gas Heat Recovery 
Synthesis Gas Heat Recovery 
Cryogenic Oxygen Production 
Rectisol (Acid Gas Separation) 
Claus (Sulfur Recovery) 
Beavon 
Alcohol Synthesis Loop 
Other Compressors 

5.3 
67.8 

274.2 
4.4 

21 9.2 
52.6 
45.0 

6.8 

152.6 
62.3 
15:2 
3.3 

17.9 
72.2 

TOTAL 999.6 

(sum of individual block costs does not exactly equal the total due to round-off) 

OVERALL ECONOMIC EVALUATION 

The following table gives the totals and breakdowns for the yearly operating costs as 

well as the total installed cost for the plant. 

TOTAL ESTIMATED INSTALLED CAPITAL COST (MM $1 

TOTAL ESTIMATED OPERATING COSTS (MMSNR) 

Coal ($33/metric t on  delivered) 

Other Expenses 

TOTAL ESTIMATED CREDITS (EXCLUDING ALCOHOLS) (MMSIYR) 

Power ISO.05lkWh) 

Slag ($5.5/metric ton) [51 

Sulfur ($300/metric ton) [SI 

999.6 

234.4 

58.3 

176.1 

226.9 

21 3.3 

1 .o 
12.6 

Credits for nitrogen, argon, and other rare gases have not been included because prices 

were not available and potential markets have not yet been identified. 
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STAND ALONE COMPRESSORS AND POWER SUMMARY 

:..,L 

There are 4 compressors that are not included in any of the bloiks. Their inlet, outlet, pressure 

change, power rating, and instelled capital cost are listed below. Following that is a summary of 

the total plant power outputlinput (41. An efficiency of 70% is assumed for all compressors, with a 

maximum pressure ratio of 5 for a single stage of compression. Multiple compression stages with 

intercooling are used for SOM'COS with pressure ratios greater than 5. 

FUNCTION INLET P 

Air Prep 1 A  101 

02 Prep 2 500 
Rxtr Prep 22 8030 
Total compressor needs 
Other in plant needs 

Net power output 
Total installed compressor costs (1 992 dollars) 

STREAM (kPa) 

' Total produced in steam and gas turbines 

OUTLET P POWER COST 
STREAM (kPa) (MW) (MMS) 

1 500 -57.0 50.4 

9 81 36 -1 9.8 17.8 

26 14000 -4.1 4.0 
-80.9 

-20.0 

617.5 
51 6.7 

72.2 
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Figure G.1: Block Flow Diagram for Case 7 
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T a b l e  G.l Case 7 Flow T a b l e s  (cont'd) 



Table G.l Case 7 Flow Tables (cont'd) 

C4H100 
C5H120 
co 
c02 
cos 

6051.2 
6734.7 386.9 

4237.7 

I 1 CaC03 
H2 4769.2 6810.2 
H20 21007.4 21007.4 11791.0 40462.2 40462.2 40462.2 

I 

C2H6 
kmol/hr 
kg/hr 
Temp. (C) 
Press.(KPA) 

4.5 
21007.4 21007.4 128985.9 40462.2 40462.2 40462.2 162.7 9013.0 13540.3 
378133.5 378133.5 3672306.0 728319.5 728319.5 728319.5 5207.5 128292.4 207417.2 

25.0 535.0 200.0 40.0 380.0 535.0 25.0 25.0 25.0 
10000.0 10000.0 101.3 7.4 3000.0 3000.0 12666.0 8030.0 8030.0 



Table 6.2 Case 7 Energy Analysis 
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Appendix H 

Capital Cost and Manufacturing Cost 
Summaries 



Economic Comparison of the Cases 

The table below is a breakdown of the installed capital cost for each of the six cases 
(not including the power plant, Case 71 with a fixed alcohol production requirement. The 
costs are for the xl scale. The six cases are the following: 

Case 1 - Texaco Gasification and Steam Reformation 
Case 2 - Lurgi Gasification 
Case 3 - Steam Reformation Only 
Case 4 - Texaco Gasification Only 
Case 5 - Shell Gasification Only 
Case 6 - Shell Gasification and Steam reformation 

.. s i  ..- .. 

(all Costs in MMS) Case 1 Case 2 Case 3 Case 4 Case 5 Case 6 

Cryogenic Oxygen Plant 
Coal Preparation 
Gasification 
Slag Handling 
Syngas Heat Recovery 
Gas Turbines 
Steam Turbines 
Exhaust Gas Heat Recovery 
Compressors 

89.3 
40.8 

156.7 
3.0 
4.6 

45 .O 
22.1 

9.9 
54.1 

21 2.7 
77.5 

653.4 
-- __ 

356.4 
46.8 
29.6 

21 6.6 

109.0 
51.4 

195.9 
3.7 
5.6 

45.1 
25.4 

8.9 
60.4 

. 103.3 
31.9 

193.2 
3.6 
5.4 

44.9 
25.8 

8.7 
65.5 

49.4 
19.5 
92.5 

2.2 
3.3 

44.9 
17.9 
11.0 
50.6 

-- 
45.0 

9.9 
11.1 
57.5 

Rectisol 
Claus 
Beavon 

34.9 
10.3 
2.2 

11 5.5 
29.7 

6.4 

51.3 
12.5 
2.7 

54.4 
12.2 
2.6 

14.5 
7.5 
1.6 

Steam Reformer 
Pressure Swing Adsorption 
Sour Gas Shift Converter 

90.3 
22.2 
- 

27.8 -- 
20.6 -- 

4.4 
-- 

4.3 -- 

Alcohol Synthesis 
C02 Removal 

47.2 
26.9 

47.2 
4.5 

47.2 
26.9 

47.2 
26.9 

47.2 
26.9 

47.2 
26.9 

Total 562.8 181 7.1 335.9 650.3 629.9 41 6.6 
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Table H.l Block Cost Breakdown for Varying Plant Capacities 

Case #1 
Scale factor 
Cryo. Plant 
# trains 
Coal Prep. 
# trains 
Texaco Gasifier 
# trains 
Slag Hand. 
SGHR 
Gas Turbines 

# trains 
Steam Turbines 
# trains 
EGHR 
# trains 
Compressors 
Rectisol 
Claus 
Beavon 
Steam Reformer 
Alcohol Syn. 
C 0 2  Removal 

1 
89.33 

2 

3 
156.70 

4 
3.00 
4.57 

45.03 
I 

22.14 
1 

9.90 
1 

54.08 
34.88 
10.25 
2.21 

15.85 
47.21 
26.86 

40.80.: 

2 
161.55 

3 
70.08 

6 
274.22 

7 
4.70 
7.18 

71.65 
1 

35.22 
1 

15.75 
1 

104.74 
54.73 
16.08 
. 3.46 
27.60 
69.85 
42.1 5 

4 8 
323.1 0 626.82 

122.07 21 1.08 
12 23 

548.43 1,057.69 

6 ii 

14 
7.38 

11.26 
143.31 

2 
56.04 

1 
25.05 

1 
208.1 6 
85.87 
25.24 
5.44 

48.05 
103.33 
66.14 

27 
11.58 
17.67 

286.61 
4 

11 2.08 
2 

50.1 1 
2 

41 5.05 
134.75 
39.60 
8.53 

83.67 
152.86 
103.78 

Total Cap. Cost 562.80 958.96 1,778.88 3,311.88 
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Table H.2 Block Cost Breakdown for Varying Plant Capacities 

Case 2 
Scale factor 1 2 4 
Cryo. Plant 21 2.73 425.46 831.91 
# trains 4 8 15 

Lurgi Gasifier 653.40 1,270.50 2,504.70 
# trains 18 35 69 
Gas Turbines 356.41 688.46 1,351.1 9 
# trains 5 9 17 
Steam Turbines 46.83 93.67 170.37 
# trains 1 2 3 

59.24 ..., :_ 118.49 EGHR 29.62 ,.= ..- 
# trains 1 2 4 
Compressors 21 6.61 431.97 861.1 1 
Rectisol 1 15.54 181.31 284.50 
Claus 29.70 46.61 73.14 
Beavon 6.40 10.04 15.75 
P.S.A. 20.61 32.34 50.75 
Alcohol Syn. 47.21 69.85 103.33 
C02 removal 4.54 7.1 2 11.18 

Coal Prep. 77.53 121.66 190.91 

8 
1,644.1 9 

29 
299.57 

4,973.10 
137 

2,675.89 
33 

320.84 
5 

226.76 
7 

1,720.49 
446.43 
114.77 
24.72 
79.63 
152.86 
17.54 

Total Cap. Cost 1,817.14 3,438.22 6,567.31 12,696.78 
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Table H.3 Block Cost Breakdown for Varyin.g ..- Plant Capacities 
Case #3 
Scale factor 
Gas Turbines 
# trains 
Steam Turbines 
# trains 
EGHR 
# trains 
Compressors 
Rectisol 
Reformer 
P.S.A. 
Alcohol Syn. 
C02 removal 

Total Cap. Cost 

1 
45.02 

1 
9.93 

1 
11.15 

1 
57.47 
25.78 
90.29 
22.1 8 
47.21 
26.86 

2 
71.63 

1 
15.80 

1 
17.73 

1 
11 2.68 
40.45 

157.20 
34.80 
69.85 
42.1 5 

4 
143.26 

2 
25.14 

1 
28.21 

1 
224.02 
63.47 

273.69 
54.61 

103.33 
66.14 

8 
286.51 

4 
40.01 

1 
56.43 

2 
446.69 

99.60 
476.53 

85.69 
152.86 
103.78 

335.89 562.28 981.88 1,748.1 0 
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Table H.4 Block Cost Breakdown for Varying Plant Capacities 

Case #4 
Scale factor 
Cryo. Plant 
# trains 
Coal Prep. 
# trains 
Tex. Gasifier 
# trains 
Slag hand. 
SGHR 
Gas Turbines 

# trains 
Steam Turbines 
# trains 
EGHR 
# trains 
Compressors 
Rectisol 
Claus . 
Beavon 
Sour Gas Shift 
Alcohol Syn. 
C02 removal 

Total Cap. Cost 

1 2 
109.02 21 8.04 

2 4 
51.38 ..= 88.70'. 

4 
195.87 

5 
3.66 
5.58 

45.10 
1 

25.45 
1 

8.91 
11 

60.37 
51.28 
12.51 
2.69 
4.38 

47.21 
26.86 

8 
391.74 

10 
5.74 
8.76 

71.75 
1 

40.49 
1 

14.1 8 
1 

11 9.74 
80.47 
1'9.63 
4.23 
6.87 

69.85 
42.1 5 

4 
436.09 

8 
155.32 

16 
744.30 

19 
9.00 

13.74 
143.51 

2 
64.42 

1 
22.57 

1 
238.1 5 
126.27 
30.80 

6.63 
10.78 

103.33 
66.14 

8 
852.70 

15 
271.33 

31 
'1,449.43 

37 
14.13 
21.56 

287.01 
4 

128.83 
2 

45.1 3 
2 

476.30 
198.14 
48.33 
10.41 
16.92 

152.86 
103.78 

650.27 1,182.33 2,171.06 4,076.87 
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Table H.5 Block Cost Breakdown for Varying Plant Capacities 
Case #5 
Scale factor 
Cryo. Plant 
# trains 
Coal Prep. 
Shell Gasifier 
# trains 
Slag hand. 
SGHR 
3as Turbines 
# trains 
Steam Power 
# trains 
EGHR 
# trains 
Compressors 
Rectisol 
Claus . 
Beavon 
Sour Gas Shift 
Alcohol Syn. 
C 0 2  removal 

Total Cap. Cost 

1 
103.26 

2 
31.87 

193.24 
2 

3.57 
5.45 

44.92 
1 

25.81 
1 

1 
65.47 
54.42 
12.21 
2.63 
4.27 

47.21 
26.86 

a:73 

2 
206.52 

4 
- 50.02 

386.47 
4 

5.60 
8.55 

71.47 
1 

41.06 
1 

1 
127.77 
85.39 

4.1 3 
6.71 

69.85 
42.1 5 

.- 

13.89 

i 9.1 6 

629.92 1,138.72 

4 
394.1 9 

7 
78.48 

737.65 
7 

8.79 
13.41 

142.94 
2 

65.33 
1 

22.09 
1 

253.09 
133.99 
30.07 

6.48 
10.53 

103.33 
66.1 4 

2,066.51 

8 
788.37 

14 
123.1 6 

1475.30 
14 

13.79 
21.05 

285.88 
4 

130.67 
2 

44.1 9 
2 

503.60 
21 0.25 
47.1 8 
10.16 
16.52 

152.86 
103.78 

3,926.76 
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Table H.6 Block Cost Breakdown for Varying Plant Capacities 

Case 6 
Scale factor 
Cryo. Plant 
# trains 
Coal Prep. 
Shell Gasifier 
# trains 
Slag hand. 
SGHR 
Gas Turbines 
# trains 
Steam Turbines 
# trains 
EGHR 
# trains 
Compressors 
Rectisol 
Claus 

Beavon 
Reformer 
Alcohol Syn. 
C02 removal 

Total Cap. Cost 

1 - 2  
49.44. 98.89 

19.45 30.52 
92.53 185.05 

1 2 
2.18 3.42 
3.32 5.22 

44.92 71.48 
1 1 

17.86 28.41 
1 1 

10.98 17.46 
1 1 

50.56 96.68 
14.45 22.68 

1 ..r .. 2 I .  

7.45 11.69 
1.61 . 2.52 

27.78 48.37 
47.21 69.85 
26.86 42.15 

41 6.61 734.38 

4 
197.78 

4 
47.90 

370.10 
4 

5.36 
8.19 

142.95 
2 

45.21 
1 

27.78 
1 

190.94 
35.58 
18.35 
3.95 

84.22 
103.33 
66.14 

1,347.78 

8 
377.49 

7 
75.1 6 

706.41 
.7 

8.42 
12.85 

285.91 
4 

90.41 
2 

55.57 
2 

381.88 
55.84 
28.79 

6.20 
146.63 
152.86 
103.78 

2,488.20 
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Table H.7 Block Cost Breakdown 

Case #7 

Scale factor 1 
Cryo. Plant 152.63 

Coal Prep. 67.76 
# trains 6 
Tex. Gasifier 274.22 
# trains 7 
Slag hand. 4.44 
SGHR 6.78 
Gas Turbines 21 9.24 
# trains 3 
Steam Turbines 52.62 
# trains 1 
EGHR 45.78 
# trains 2 
Compressors 72.22 
Rectisol 62.30 
Claus 15.20 
Beavon 3.27 
Sour Gas Shift 5.32 
Alcohol Syn. 17.86 

# trains 3.: 

Total Cap. Cost 999.63 
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Table H.7 Block Cost Breakdown 

Case #7 
Scale factor 1 
Cryo. Plant 152.63 
# trains 3 
Coal Prep. 67.76** 
# trains 6 
Tex. Gasifier 274.22 
# trains 7 
Slag hand. 4.44 
SGHR 6.78 
Gas Turbines 21 9.24 
# trains 3 
Steam Turbines 52.62 
# trains 1 
EGHR 45.78 
# trains 2 
Compressors 72.22 
Rectisol 62.30 
Claus 15.20 
Beavon 3.27 
Sour Gas Shift 11.09 
Alcohol Syn. 17.86 

...A i ..- 

Total Cap. Cost 1,005.40 
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Table H.8a Manufacturing Cost for Varying Plant Capacities $/gal 

Scale 
xl 
x2 
x4 
x8 

Case 1 
1.01 
0.86 

0,80 
0.75 

Case 2 Case 3a Case 3b 
1.59 0.90 0.71 
1.42 0.80 0.62 

0.74 0.56 
0.69 0.52 

.*: 

Case 4 
1.09 
0.98 

0.90 
0.84 

Table H.8b Manufacturing Cost for Varying Plant Capacities S/L 

Scale 
xl 
x2 
x4 
x8 

Case 1 
0.27 
0.23 
0.21 
0.20 

Case 2 Case 3a Case 3b 
0.42 0.24 0.19 
0.37 0.21 0.1 6 

0.1 9 0.1 5 
0.1 8 0.14 

Case 4 
0.29 
0.26 
0.24 
0.22 

Case 5 Case 6 
1.05 0.84 
0.94 0.76 
0.85 0.70 
0.80 0.66 

Case 5 Case 6 
0.28 0.22 
0.25 0.20 
0.22 0.1 9 
0.21 0.1 7 
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