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ABSTRACT 

The annual report summarizes the results of the project "Production of Elemental Sulfur 

and Methane f?om H2S and Coil during the second year. This study is to develop an experimental 

and theoretical procedure to investigate the feasibility of producing elemental sulfur, carbon 

monoxide (CO), hydrogen (HJ and possibly methane (CH,) fiom hydrogen sulfide (H2S) and 

carbon dioxide (COJ through catalytic reactions. A standard experimental system that can 

evaluate potential catalysts under controlled laboratory conditions has been designed and 

constructed. And an effective simulation program capable of providing valuable thermodynamic 

information of the reaction system has been compiled. 

During this second project year, the modified experimental system for the laboratory 

catalytic reaction studies has been installed and temperature distribution profile inside the reactor 

has been characterized. Based on the experimental decomposition of H2S under both non-catalytic 

and catalytic conditions with the CoO-MoO,-Alumina catalyst at moderate temperatures, around 

550°C, hrther thermodynamic analyses of the theoretical conversion of H2S for various 

temperatures, pressures and ratios of H2S to CO, were performed. A multistage reaction system 

was also considered. 

The following results are obtained: 

(1) It was experimentally demonstrated that the Co-Mo sulphided catalyst was a good candidate 

for the decomposition of H2S to elemental sulfur. In the presence of CO, the conversion of 

H2S to elemental sulfur increased significantly. The experimental values were reasonably close 

.. 
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to the thermodynamic equilibrium limits. 

(2) It was experimentally proved that the present catalytic process produced a significant amount 

of sulfur, CO and H2 The H,S conversion level of about 4.66% was still lower than the 

industrial interest at the present experimental temperature of 550°C, requiring a recycle and/or 

multiple reaction zones. 

(3) An X-ray dfiaction method was used to determine the structure and composition of the 

CoU-MoO,-Alumina catalyst before and after the catalytic reaction. However this method 

turned out to be ineffective for this investigation since the catalyst was not in the crystal form. 

(4) The simulation showed that at least two reaction zones were required for production of any 

appreciable amount of methane. The first reaction zone should be composed of multiple stages 

to recover the elemental sufir  thus avoiding the equilibrium limitations. With optimum 

temperatures in each zone, the conversion could be increased significantly. The simulation 

also indicates less amounts of by-products, such as COS, CS, and SO,. The results illustrated 

that the number of stages needed for recovering sufir  could be greatly affected by the s u E r  

vapor pressure. Sufir  vapor pressure versus the system temperature followed a logarithmic 

relationship. However, the H2S conversion and sufir  yield did not increase proportionally 

with the number of stages. The simulation also indicated that a multiple stage system became 

less effective at a high reaction temperature range. 
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1. INTRODUCTION 

1.1 Problem Statement 

The United States consumed over 11 million tons of elemental sufir  in 1988 (Gangwal 

et al., 1991) 11,847 million tons in 1991 (Chemical and Engineering News, 1992) and 12.7 million 

tons in 1992 (Chemical Engineering, 1994). In 1991, only 26.7% of all sulfur consumed in the 

United States was produced by Frasch process (Bixby et al., 1984), whereas 62.1% was from 

different kinds of sulfur recovery processes. In 1992, the total amount of elemental sulfur 

produced in the United States was 10.7 million tons, of which 7 million tons were recovered 

elemental sulfur fiom petroleum refineries and only 2.3 million tons were from mine (Tigure 1). 

Utilization of high d f b r  feed stocks in sour natural gas, residual crude oils and high sulfur 

coal in power plants is increasing today. In most situations, sulfur must be removed before 

combustion or utilization to comply with environmental legislation, or to prevent contaminations 

on the catalysts used in the downstream processes. The sulfur removed from crude oil is usually 

in the form of gaseous H2S (west, 1984). Since the New Clean Air Amendment requires a 

moderate su&r dioxide emission cut for the existing power plants (Lee, 1991), developments have 

emphasized the importance of developing effective low-cost technologies for treating the 

contaminated air. Because the air pollution control systems and the processes for removing H2S 

from gas streams are all generally both capital and energy intensive, the recovery of sulfur from 

fossil fuels is very important in the petro-chemical and energy industries. And furthermore, most 

of the H2S treatment processes use a liquid absorbent and are unable to remove the noxious smell 

of H2S. 
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It is possible to partially offset the cost of s u k r  removal by recovering s u k r  in a 

marketable form if catalytic reaction based processes are developed. In the past several decades, 

many researchers have studied methods for the decomposition of H2S to produce hydrogen, 

elemental s u k r  or both of them. Beside the environmental protection reason, the motivation of 

these efforts is that there are significant quantities of hydrogen and s u k r  in H,S that could be 

recovered. 

In the Claus process, H,S is partially oxidized to suk r  dioxide, which then reacts with H2S 

to produce elemental sulfur. Unlike the Claus process, another way is to add o x i d h g  reactants 

such as CO, to react with H2, which is generated during the H2S decomposition reaction. Bowman 

(1991) studied the thermodynamic possibilities of reaction of H2S with CO, under different 

reaction conditions. He divided his theoretical thermodynamic calculations into three temperature 

regions under various pressures. However, no experimental data were presented to veriQ the 

equilibrium calculations. 

Liptak (1974) proposed the following reaction at a high temperature with catalysts: 

4 H2S + CO, 4 S + CH, + 2H,O 

Paushkin (1988) also proposed the following additional reaction: 

6 H,S + 2 CO, + 6 S + CH2=CH, + 4 H,O 

These reactions have been described to be potentially effective but actual reaction kinetics for 

various catalyst types and the effects of temperature and gas flow rate have not been well reported 

in the literature. 
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The process to prcduce elemental sufir  by reacting H,S with CO, are particularly 

appealing due to the fact that (1) both CO, and H2S occur commonly in the utilization of fossil 

fuels and (2) H2S must be removed to comply with environmental legislation, and (3) C02 is a 

known greenhouse gas. 

1.2 Objective 

The overall objective of the total program is to study the feasibility of such a process that 

H2S and CO, would be directly converted into elemental suf i r  and a mixture of CO and H, 

(possibly methane) by using appropriate catalysts. 

The specific objective of this second year work is to obtain simulation results of 

thermodynamic analyses for the equilibrium behavior of H,S and CO, at different temperatures and 

pressure ranges based on the experimental studies by using JMAF Thermodynamic Tables (Stull, 

1971) and the Stanjan method (Reynolds, 1987), which would provide important information for 

the process development. 

2. LITERATURE REVIEW 

The feasibility of production of elemental sufir  and hydrogen by decomposition of H2S 

has been well established in the literature. A lot of efforts have been made in the last decade by 

using different processes, such as, thermal decomposition of H2S without catalyst, thermal 

decomposition of H,S with catalyst, thermal decomposition of H2S while products were 

continually removed, oxidization of H2S by 0, and partial oxidization of H,S by CO, etc. 
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However, no processes other than Claus process can be considered commercially feasible today. 

Zaman and Chakma (1995) have provided a detail summary which updated variety of technologies 

in the area of hydrogen and sulfur recovery form H2S. 

Claw process is the most widely used modem process in industry for sulfur recovery. 

According to the estimation by Goar et al. (1986), some 90 to 95% of recovered sulfur in the 

world was produced by the Claus process. Since the Claus process was invented in 1883, 

significant modifications have been made on the commercial CIaus process used today, but the 

principal mechanisms of the process are the same as one hundred years ago, that is, about one 

third of the H,S needs to be burned in the air to form SO, which subsequently reacts with H2S to 

produce elemental sulfur. 

2 H 2 s + 3 0 ,  + 2SO,+2H20 (Combustion Process) 

2 H2S + SO, -+ 1.5 S, + 2 H,O (Claus Process) 

2H,S+O, -+ S2+2H,0 (Overall Process) 

In order to comply with the air pollution regulations, the modern Claus Process consists 

of a combustion stage, one to four catalytic converters, and a tail-gas clean-up unit. A detailed 

review of commercial developments in Claus process technology was discussed by Goar (1986). 

Since there is 79% nitrogen in the air, the use of air in the Claus process requires that the inert N, 

must be treated in tail gas plant to meet the environmental regulation before it is released to the 

atmosphere. Tail gas treatment increases the sufir  recovery cost. About two dozens of tail gas 
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clean-up process are reviewed by West (1984). 

By the nature of the Claus process, hydrogen can not be recovered and is finally wasted 

in the form ofwater, making the process less attractive for hydrogen economy. Because the Claus 

process is a highly optimized technology, it will be an outstanding revolution to the existing 

technology if any fbrther development is made to reduce both the capital cost and the sulfur 

emissions, and simultaneously recover the elemental sulfur and hydrogen in a usable form. 

The idea of the production of elemental sulfur and hydrogen by direct decomposition of 

H2S has been well discussed in the literature. The original purpose of the process shown below 

was to produce H2 but it has been used to produce sulfur as well. 

H,S =+ H2+0.5 S ,  

Studies of determining the mechanism and kinetics for the decomposition have been 

reported by a number of researchers. Kaloidas and Papayannakos (1989) studied the kinetics of 

the thermal non-catalytic decomposition of H,S. The reactions were performed at the temperature 

fi-om 600 to 860°C7 pressure between 1.3 to 3.0 atm. The proposed mechanism was the initial and 

rate-limiting step of the splitting H,S into intermediate fiee-radicals. Their statistical tests indicated 

that their kinetic model and the experimental data agreed well with each other. 

Roth et al. (1982) carried out their experiments in the temperature range of 1965 to 2560 

K, pressure between 1.8 to 2.0 bars, and H2S concentration as low as 25 to 200 ppm for the 

investigation of thermal decomposition of H2S. The inert gas was argon (Ar). The primary reaction 

mechanism according to their work followed the second order kinetics. Their experimental 

5 



temperature was much higher than that of the common laboratory and the sulfur recovery industry 

requiring an expensive plasma operation. 

Raymont (1975) found that H2S could be thermally decomposed. However, it was 

thermodynamically unfavorable below 1800 K due to the endothermic reaction mechanism. He 

established three different reaction systems: an empty uncatalyzed reactor, a reactor filled with 

blank pellets and a reactor packed with a chemically active metal catalyst. He pointed out that, 

above 1250 K, the yields were the same whether the reaction was catalytic or not. 

There have been several works in the efforts to increase the rate of reaction at relative 

lower temperatures using different catalysts. Chivers et al. (1980) found that MoS, was the most 

effective catalyst above 6OO0C, but WS, and Cr,S, gave higher H2 yields than MoS, below 600OC. 

They also found FeS, COS, NiS, CuS, C,S and CQS, were not effective catalysts for the 

decomposition of H2S and only a trace amount of elemental sulfur was produced in the reaction. 

Among the catalysts that have been tested to date, MoS, has been proven to be the most effective 

over a wide range of temperature. The catalyst properties and possible mechanisms for &S 

decomposition over MoS, were also described by Katsumoto et al. (1973), Kotera (1976), 

Mitchell (1981) and, Sugioka and Aomura (1984) over various ranges of reaction temperature and 

pressure. 

Chivers and Lau (1985) screened the aikali metal sulfides and polysulfides group and found 

that sodium polysulfides were not catalytically active for H,S decomposition. In their study, the 

most significant result was the discovery that Li,S acted as a catalyst for the thermal 

decomposition of H2S at 500 to 800°C. But its application was limited due to the sensitivity of 
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Li2S towards impurities, CO, and water. Chivers and Lau (1987) continued their investigation on 

vanadium sulfide and mixed catalysts. The mixture of V2S3/Cu$ ,which formed Cu YS 3t 

.elevated temperatures was shown to have a higher catalytic activity than MoS, in a closed 

circulating system using a quartz reactor in the temperature range of 400 to 8OO0C, whereas MoS, 

was found to be a better catalyst than V2S3 and V,S3/C~S, in a thermal dfision column reactor. 

Al-Shamma and Naman (1989 and 1990) investigated the use of V,S,, V,O,/Al2O3 and 

V2S4A1203 catalysts. In the once-through flow reactor, the concentration of H, increased during 

the first 150 to 200 minutes, then it went down without reaching a steady-state value. AU their 

experiments were carried out in the temperature range of 723 to 873 K with different vanadium 

oxide/alumina oxide percentages. The reaction order was between zero and one, depending on 

combination of catalysts and reaction temperature. 

Morgantown Energy Technology Center developed a direct sufir  recovery process 

(DSRl?), which could convert either SO, or H2S directly to elemental sulfur by using the coal gas 

and a catalyst (Gangwal et al., 1991). They claimed that the conversion could reach above 95%. 

They also found that pressure had a significant effect on the conversion of H2S to elemental sulfur. 

Increasing reaction pressure fiom 1.5 to 20 atm quadrupled the sulfur recovery when the space 

velocity was kept at the same level. The work was focused on the conversion of dilute SO, to 

elemental sulfur. 

Even though the usage of a catalyst can increase the rate of reaction, the yield of sulfur is 

still limited by the equilibrium decomposition of H2S. For this reason, some researchers have 

studied the ways to continually remove either H, and S, in order to shift the equilibrium to the 
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product side and further decomposeH2S. The study ofRaymont (1975) was most focused on the 

recovery of H,. The use of platinum or palladium alloy membranes was suggested and a 

diagrammatic representation of the proposed process was also presented. Due to the unavailability 

of practical commercial membranes for removal of H2 from the product stream, Bandeman and. 

Harder (1982) used a pressure swing adsorption on zeolite or carbon molecular sieves which was 

claimed to be competitive to the Clam process. 

The process of production of elemental s u h r  through the oxidation of H2S over an 

activated carbon bed has been studied by several researchers (most recently Chowdury and 

ToIle&on, 1990; Dalai et al., 1993). The direct conversion ofH2S to elemental sulfur with dilute 

oxygen at 20 atm near 635 K was above 98% and decreased when the pressure and the 

temperature were lowed (Gangwal et al., 1991). The inlet gas contained 6.46% H2S, 3.23% 0, 

and 8.14% H20 with the balance of N,. This method has been proven to be more effective for 

treating low concentration of H2S ( 4 0  volume %) than that used in the Claus process (Steijns and 

Mars, 1974; Ghosh and Tollefson, 1986). 

The other way of effectively decomposing the H2S is to add oxid&g reactants such as 

CO, to react withH,. Bowman (1991) studied the thermodynamic possibilities of reaction of H2S 

with C02 under different reaction conditions. He divided his theoretical thermodynamic 

calculations into three temperature regions under various pressures. No experimental data were 

presented to verify the equilibrium calculations. 

Towler et al. (1993) proposed a reaction mechanism for the production of elemental sulfur 

fiom H2S and CO, as following: 
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H,S i= H2+0.5 S, 

C02+H2 =+ CO+H,O 

They proposed that the presence of CO, had the effect of shifting the H2S decomposition reaction 

to the product side by reacting the produced H2 with CO, to form CO and water via the water-gas 

shift reaction. The catalyst was MoS,. 

Liptak (1974) proposed the following reaction at a high temperature with catalysts: 

4 H2S + C02+ 2 S, + CH, + 2 H,O 

Paushkin (1988) also proposed the following additional reaction: 

6 H2S + 2 CO, + 6 S + CH,=CH, + 4 H,O 

These reactions have been described to be potentially effective but actual reaction kinetics for 

various catalyst types and the effects of temperature and gas flow rate have not been well reported 

in the literature. 

3. EXPERIMENTAL PROCEDURE 

The overall experimental system is schematic shown in Figure 2. The flow rates of H2S, 

COD H, and N2 are controlled by needle valves and rotameters. The gases are first passed through 

a stainless steel manifold to obtain the mixture of reactants. The mixture is then flushed into the 

quartz tube reactor through 6.35~10-~ m (1/4 inch) stainless steel tube. The middle section of 

2.54~10" m (10 inch) ofthe reactor is heated by a horizontal tubular fbrnace while the remaining 
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length of the reactor is directly connected to a sufir  condenser. The catalyst bed contains 

approximately 40 grams of catalyst pellets and is supported on both sides by a plug of quartz 

wool. Water is separated by a water condenser. Separation of unreacted H2S is made by using a 

30 wt% diethanolamine bath. The exhaust gas is then flushed into a Bunsen burner and combusted 

before venting to the fkmehood to prevent the h d l  odor. Two K-type thermocouples, which 

measure the surface temperature of the reactor, are connected to a temperature controller which 

could turn the heater switch on and off according to a desired set point temperature. The history 

of temperature distribution inside the reactor is recorded by a computer data acquisition system. 

The composition of the exit gas stream is analyzed by a gas chromatography. 

The detailed reactor structure is shown in Figure 3. The reactor has a quartz tube of 

internal diameter 4 = 1.27~10” m (0.5 inch) and length L = 3.048~10‘~ m (12 inch). The tubular 

Lindberg krnace which can raise temperature up to 1010°C is controlled by a standard 

temperature controller. Three type-K thermocouples are inserted into the quartz reactor and 

located at different positions of the reactor so that axial temperatures in the reactor can be 

measured simultaneously. 

The reactor satisfies the following specifications: 1) The temperature inside the catalytic 

reaction zone should be uniform radially as well as axially. 2) The reactor wall is preferably 

transparent so that the catalyst color change or other phenomena can be observed during the 

experiment. 3) The results obtained from the reactor should be straight forward for analysis and 

should have a minimum interference due to structure or configuration. 4) It should have a good 

sealing to prevent H2S leakage in compliance with laboratory regulations. 5) It should have a 
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better heat transfer capability. 

One of the specific considerations for the catalytic s u b  recovery reaction is to operate 

the reactor at a temperature as low as possible to avoid sintering of the catalyst. As the 

vaporization temperature of S, is approximately 444.6OC (Perry and Green, 1984), an operation 

below this temperature would result in deposition of elemental sulfur on the catalyst pellets as the 

reaction proceeds. In order to avoid both catalyst sintering and suf i r  condensation on catalyst, 

the long-term experiments are to be carried out at temperatures ikom 500 to 600°C. The overall 

system shown in Figure 2 is employed to measure the conversion of H2S to elemental su&r as a 

function of reaction temperature and operation time. The performance of a specific catalyst is 

evaluated by measuring the rate of conversion of H2S as a fhction of H2S feed concentration per 

unit time per mass catalyst weight in the reactor. The feed compositions are selected according 

to the results of thermodynamic analyses. The space time of the catalyst bed is varied from 0.5 to 

2.0 minutes for a fixed bed with catalyst weighing approximately 40 grams. 

The preparation of sulphide catalysts was usually carried out by special preparation 

methods depending on the actual experimental conditions (Weisser, 1983). In most situations, an 

active sulphide catalyst was prepared by converting the corresponding oxide into the sulphide 

form. A test was performed by using the thermogravimetric analyzer (TGA) to set up a procedure 

that the sulilde catalyst could be prepared by first reducing, then sulphidmg the oxide catalyst into 

the sulphided form. Based on this TGA experiment, 45 to 50 minutes was set as the time needed 

for sulphidation in the reactor. During the experiment, visual method was also used to determine 

whether the sulphidation had been finished by observing the reactor cooling section. When trace 
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amount of element sulfur was observed, it was assumed that the sulphidation was over and the 

catalytic reaction started. 

(a) Nitrogen Purge through the Catalytic Bed 

The reactor is packed with of approximately 40 grams of catalyst which occupies about 

one third of the heated zone of the reactor. At the beginning, a dry stream of oxygen-fiee N2 

( 3 . 3 3 ~ 1 0 ~  m3/sec or 200 cc/min) passes through the catalyst bed at 200°C for about 1 hour in 

order to purge moisture and other adsorbed species on the catalyst. When the catalyst has been 

completely purged, while still maintaining the N2 flow, the end of the cooling zone of the reactor 

is opened and the collected water droplets are removed. After the moisture is removed, a plug of 

quartz wool is placed in the cooling zone of the reactor so that it would act as a sufir  condenser 

to collect the elemental sulfur produced. 

(b) Reduction of Catalyst with H2 

The catalyst bed is heated to a temperature of 500°C and the gas flow is switched from N2 

to H2 The pure H2 passes through the catalyst bed at a flow rate of 8.33~10" m3/sec (50 cc/min) 

for 24 hours in order to reduce the metal oxides. 

(c) Sulphidation of Catalyst with H2S 

Once the catalyst has been reduced to its elemental form, the H2 flow to the reactor is 

stopped and the temperature is adjusted to the desired sulphidation temperature. During this 
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period of time, the catalyst bed is kept under the dry oxygen-free N2 gas flowing at the rate of 

8.33~10” m3/sec (50 dmin). Once the desired temperature is reached in the reactor, the pure H2S 

flows through the reactor at the rate of 1 . 6 7 ~ 1 0 ~  m3/sec (100 cc/min) until the catalyst is totally 

sulphided. It takes about 45 minutes. 

(d) Production of Elemental Su&r and Synthesis Gas from H2S and CO, 

Once the catalyst has been sulphided, the H2S flow to the reactor is stopped and the 

temperature is adjusted to the desired temperature for H2S decomposition reaction, while 

maintained under the dry oxygen-fiee nitrogen purge gas. After the temperature is reached the 

desired value in the reactor, the mixture of H2S and CO, flows into the reactor and passes through 

the catalyst bed at a set of temperature (500 to 600°C) for 3 hours. The total flow rate and ratio 

of H2S to CO, are predetermined based on different experimental requirements. The elemental 

sulfUr is condensed in the cooling section of the reactor. Gas products and unreacted reactants are 

analyzed by gas chromatography. Sample volume of 0.3 to 0.4 ml is taken at regular intervals fiom 

the reactor exit and injected into the GC for analysis. A number of tests are conducted for each 

set of experimental configuration in order to determine if any sulfur is produced. While the 

experiment is running, the reactor is visually observed to monitor if any unexpected experimental 

phenomenon occurs. 

(e) Collection of the Sulfkr Product 

When the experiment is over, the reactant gases are turned off and the reactor is cooled 

13 



down to room temperature under the dry oxygen-free nitrogen purge. Then the end of cooling 

zone of the reactor is opened to take out the quartz wool plug. The produced sufir  that has 

condensed on the quartz wool plug and inside wall of the reactor is washed by carbon disulfide 

(CS,). The CS2 solution containing the sufir  from the wall as well as the quartz wool plug is 

collected in a beaker. And the CS, is evaporated in the fumehood and the sulfur in beaker is 

weighed. The quartz wool and the catalyst is weighed before and after each experiment as an 

additional method of determining if any sufir  is formed. 

4. WORK PERFORMED AND RESULTS 

4.1 Experimental Work 

The choice of catalyst was made based on the fact that MoS, had already been claimed as 

an effective catalyst for the H2S decomposition reaction. For this reason, the cobalt-molybdenum 

catalyst (Co-Mo) was selected as a new candidate catalyst for the screening study. The Co-Mo 

catalyst is originally used for the water-gas shift reaction (Wender, 1987) and is readily available 

fi-om a commercial source. The molybdenum is known to be catalytically active for oxidization of 

H2S. Since the commercial catalysts are usually supplied in the oxide form, a method of 

preparation previously described is required before they can be used as a catalyst for this research. 

The required chemicals are: hydrogen sulfide (C.P. grade liquid phase, 99.5%), carbon dioxide 

(Coleman Instrument grade, 99.99%), nitrogen (oxygen-fiee), and hydrogen (zero grade, 

impurities 4 ppm) purchased from Wright Brothers Inc., a distributor for the Matheson Gas 

Products. Carbon disulfide (purity, 99.95%) was obtained from Fisher Scientific Inc. Cobalt- 
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molybdenum catalyst (COO-MOO,-Alumina, Crosfield 465, 1/20" extrudate) is obtained without 

any charge, compliments of Crosfield Catalysts (4099 West 71st Street, Chicago, Illinois 60629). 

The alumina oxide was purchased fiom Engelhard Corporation (120 Pine Street, Elyria, Ohio 

4403 5). 

A Gas Chromatographic (GC) analysis was required for both qualitative and quantitative 

determination of products. A Perkin Elmer (Sigma 300 model) Gas Chromatograph equipped with 

a hot wire detector and two separate injectors was selected to conduct this analysis. Two new 

columns were installed in the same GC unit for detecting CO, CO, CH,, HB H2S, COS and CS,. 

Column A was for sulfur containing substances such as H2S, COS and CS, and column B was for 

CO, CH, and H2 Helium was used as a carrier gas. The GC was calibrated by using pure sample 

gases (CO, CO, CH,, H, H2S, COS and CSJ. The flow rate ofthe carrier gas was set at 4.33~10- 

m3/sec (26 cc/rnin) for both column A and column B. Column A [Chromosil3 10,2.4 d8 ft (1.83 

m/6 ft packed) x 1/8 inch OD, Teflon @P)] and Column B (18 R x 1/& inch SS, packed with 

Silica Gel, 60/80) were obtained fiom SUPIXCO (SUPELCO, Inc., Supelco Park, Bellefonte, PA 

16823-0048) and Alltech (Alltech Associates, Inc., 2051 Waukegan Road, Deerfield, E 60015- 

1899), respectively. The standard sample gases for calibration (CO, CO, CH,, H, H2S, COS and 

CSA were purchased fiom Wright Brother Inc. and CS, fiom Fisher Scientific Company. 

The temperature profile inside the reactor was measured by inserting type-K 

thermocouples at different positions of the reactor and the condenser. The corresponding positions 

at which the temperature was measured are illustrated in Figure 4. The reactor was heated by a 

horizontal tubular Lindberg firnace which could raise temperature up to 1010°C. The condenser 

. 
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was cooled by tap water. Several temperatures (500"C, 600"C, 700°C and 800°C) and flow rates 

of N2 were set for the investigation of the empty bed and the bed packed with quartz wool. The 

result shows that, at the proposed reaction zone (about 5 to 6 inches long in the middle of the 

reactor), temperature remained relatively uniform and a pattern of the temperature profile was not 

af€ected by the flow rate of inlet gas. The measured temperature curves are shown in Figures 5-6. 

When the exit gas reached about 3 to 4 inches in distance, its temperature almost reached the 

cooling water temperature which was around 10°C. The modified reactor was designed to quickly 

quench the exit gas so that the occurrence of re-equilibration of reaction products would be 

prohibited. The temperature profile will be valuable for the interpretation of fbture experimental 

results. 

(a) Decomposition of H2S under Non-Catalytic Condition 

Non-catalytic experiments were carried out under 1 atm with pure H2S. The experimental 

temperatures were selected from 500°C and 600°C. At both temperatures, experiments were 

conducted in the reactor with quartz wool and the blank alumina pellets. The ,reactor was first 

purged with pure nitrogen at 200°C for one hour in order to remove moisture and other adsorbed 

species &om the bed. The flow rate of purge gas was 1.18~10" m3/sec (1.5 scfh). Nitrogen flow 

was then shifted to H2S flow for 3 hours with the flow rate of 1 . 6 ~ 1 0 ~  m3/sec (0.2 scfh). The 

observations showed that only a trace amount of su&r was condensed at the exit of the reactor. 

The purpose of these experiments was to record reference conditions for future comparison with 

results fiom different catalytic reactions. This test had proved that thermal decomposition of H2S 
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was both kinetically and thermodynamically unfavored within the current experimental 

temperatures. 

(b) Pure H2S under Catalytic Condition 

To test that H2S decomposition was kinetically favored by using the CoO-MoO,-A.lumina 

catalyst, a set of experiments was performed in the reactor packed with catalyst according to the 

procedures as described in Section 3. 

(1) Purge the catalyst bed withN2(1.18x10” m3/sec or 1.5 scfh) at 200°C for 1 hour. 

(2) Remove the collected moisture in the cooling zone of the reactor. 

(3) Heat the bed withN2(1.18x10” m3/sec or 1.5 scfi) to 500°C. 

(4) Reduction for 24 hours under H2 (8.33~10‘~ m3/sec or 50 cc/min). 

( 5 )  Switch to H2S flow (8.33~10’~ m3/sec or 50 cc/min) and sulphide for 30 minutes. 

(6) Run for 3 hours under pure H2S flow (8.33~10~’ m3/sec or 50 cdmin) at a set 

temperature. 

(7) Cool down the reactor under N, (1.18~10” m3/sec or 1.5 scfh). 

(8) Collect the produced sulfur. 

The amount of sulfur input was calculated fiom the total volume of H2S that was 

introduced into the reactor. The conversions of the experiments were within a reasonable region 

of the thermodynamic equilibrium value which gave about a 1% conversion at 500°C. 

(c) H,S with CO, under Catalytic Condition 
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Since H,S reacts with COD the H,S decomposition reaction could be shifted to the product 

side so that more s u b  could be produced as shown by the thermodynamic analysis. Experiments 

were performed with the feed mixture of H2S and CO, (4 to 1 ratio) for 14 hours. The catalyst 

used was the commercially available CoO-MoO,-Alumina. The experiments were carried out in 

the reactor following the simiIar procedure as described above. The key differences were that CO, 

was added into as a reactant and the flow rates were adjusted accordingly. 

(1) Purge the catalyst bed with N2(1.18x1O” m3/sec or 1.5 scfh) at 2OOOC for 1 hour. 

(2) Remove the collected moisture in the cooling zone of the reactor. 

(3) Heat the bed withN,(1.18x10s m3/sec or 1.5 scfh) to 500°C. 

(4) Reduction for 24 hours under H, ( 1 . 6 ~ 1 0 ~  m3/sec or 0.2 scfh). 

(5) Switch to H,S flow ( 1 . 3 3 ~ 1 0 ~  m3/sec or 80 cc/min) and sulfide for 45 minutes. 

(6) Run for 14 hours with the feed mixture of H2S ( 1 . 3 3 ~ 1 0 ~  m3/sec or 80 cc/min) and 

CO, (3.33~10” m3/sec or 20 cc/min) at 55OOC. 

(7) Cool down the reactor. 

(8) Collect the sufir. 

The purpose of this test was to find out the effect of CO, on H2S conversion and to 

compare it with the equilibrium value. The equilibrium conversion for the inlet ratio of H2S to 

CO, of 4 was 20% at the temperature of 550°C. The difference between the equilibrium and the 

experiment values was due to the fact that the reaction inside the reactor did not reach the 

equilibrium. Another purpose of this test was to test the reaction mechanism proposed by Liptak 
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(1974). He proposed the following reaction at high temperature with catalysts: 

4H2S+C0, T- 2S2+CH,+2H,O 

Our experiments were performed at a medium temperature of 550°C. No methane (CH,) was 

detected at temperature of 550°C using the GC, indicating that the CH, concentration was 

probably below the detectable level of 100 ppm. Further experiments at higher temperature will 

be performed to test the reaction mechanism. 

Although some H, and CO were detected (3.24% and 0.98%, respectively), no SO, COS 

and CS, were present. Summary of the experimental result is shown in Table 1. The definition of 

the conversion is the same as before: 

2(Moles oj S2 produced) 
Initial moles oj H2S 

Conversion oj H2S % = 100 

As one can see Table 1, the conversion of H2S to elemental s u b  increased significantly 

when catalytic process was introduced. It was experimentally demonstrated that the Co-Mo 

sulphided catalyst was a good candidate for the decomposition of H2S to elemental s u b .  The 

experimental values were reasonably close to the thermodynamic equilibrium limits. However, the 

H2S conversion level of about 4.66 % was still lower than the industrial interest at the present 

experimental temperature of 550°C, requiring a recycle and/or multiple reaction zones. 

X-ray diffraction was tried to determine the CoO-MoO,-Alumina catalyst structure and 

composition before and after the catalytic reaction. However, the results of X-ray diffraction 
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showed that the catalyst used was not in the crystal form. Therefore, X-ray daaction may not 

be applicable in this investigation. 

4.2 Thermodynamic Simulation Work 

Further thermodynamic analyses for the reaction of H,S and CO, were performed by using 

the JANAF Thermochemical Tables (Stull, 1971) and the Stanjan method (Reynolds, 1987). The 

chemistry of the process inevitably involves multiple intermediary reactions at or near the surface 

of the catalyst. Although neglected in the main mechanism, the possibility of the formation of side- 

products, including some that contain sulfur, does exist. The sulfur containing side-products that 

are most likely to form are COS and CS, (Table 2). At T45O"C and P=l atm, the possible side 

reactions which might be expected to occur are shown in Table 3. 

For each of these reactions, the Giibs fi-ee energy is calculation as well as the Enthalpy to 

determine which of these reactions are most likely to take place at temperature of 550°C. This 

temperature is chosen since samples will be taken and injected into the GC at the same 

temperature of the experiments. The results show that the following side reactions are most likely 

to occur since they have a negative Gibbs fiee energy at 55OOC. 

2CO+S, =+ 2cos 

4 H, + CS, 2 H,S + CH, 

3H,+CO + CH,+H,O 

AG = -44.644 K3/mol 

AG = -78.776 KYmol 

AG = -17.350 KJ/mol 

K=6.8 17x102 

K=12.624 

These results do not strongly support the ones shown in Table 1 and 2, indicating that 
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these are probably other side-reactions that are not taken into account in this list. Therefore, the 

results shown in Table 1 and 2 are probably more accurate, however, a conclusion can only be 

made after experiment under the guidance of simulations. 

Furthermore, these reactions are obviously favored at different temperature, pressure and 

gas composition regimes. They are also affected by different catalysts. This project will continue 

try to find out the side reactions through the experiment. 

The simulation results indicated that following individual reactions were also possible for 

the reaction of H2S and CO, in the single reaction zone at 55OoC, even though at T=55OoC and 

P=l atm, the Gibs free energy, the heats of reactions and the corresponding equilibrium constants 

are as following: 

2H2S =2H2+S2(g)  AG = 87.468 =/mol 

K=2.8O8x1Od 

AG = 8.824 =/mol CO, + H, = CO + H20 (g) 

AH = 94.794 =/mol 

Endothermic 

AH = 36,601 =/mol 

Endothermic 

2 co + s, (g) --2 cos AG = -44.644 KJ/mol AH = -98.69 =/mol 

K=6.8 17x1 O2 Exothermic 

The decomposition of H2S is the rate limiting step. Because both the H2S decomposition 

reaction and the water-gas shift reaction are endothermic, the H2S mole fraction decreases as the 

system temperature increases. The H2S mole fraction increases as the system pressure increases 

enabling the H2S decomposition reaction to shift to the left. The equilibrium mole fraction of S ,  

as a function of temperature and pressure was also reviewed. 
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Effects of the Ratio of H.J to CO, and Temperature on the Conversion of H$ 

Figures 7-8 shows the equilibrium conversion of H2S as a finction of the ratio of H2S to 

CO, (fiom 0.001 to 00) and temperature @om 100 to 1000°C). The highest conversion is obtained 

at higher temperature and at lower ratio of H2S to CO,. When the ratio of H,S to CO, equals 4 

@e. 80% of initial H,S in H2S and CO, mixture) and temperature below 5OO0C, the conversion 

of H2S reaches almost the same level as the case without CO, present. Figures 9-10 show the 

effect of increasing the initial percentage of H,S in the H2S and CO, mixture on the equilibrium 

conversion of H,S at several specific temperatures (500, 550,600,700, 800,900 and 1000°C). 

The equilibrium conversion decreases with the initial percentage of H2S increase. Figures 11-12 

show the effect of temperature on the equilibrium conversion of H2S when the initial percentage 

of H2S was 11% and 80% respectively. The equilibrium conversion increases with the system 

temperature increase. 

Effects of the Ratio of H J  to CO, and Temperature on the Yield of S, 

Figures 13-14 show the equilibrium yield of S, as a finction of the initial ratio of H2S to 

CO, and temperature. The highest yield is obtained at higher temperature and at the ratio of H2S 

to CO, around 8.09 @e. 11% of H2S in H,S and CO, mixture). When the ratio of H2S to CO, 

equals 4 and temperature below 5OO0C, the same situation as the conversion, the yield of S, 

reaches almost the same level as the case without any CO, present. Figures 15-16 show the effect 

of increasing the initial percentage of H2S in the H2S and CO, mixture on the equilibrium yield of 

S, at several specific temperatures. At first, the equilibrium yield increases at the very beginning 
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with the initial percentage of H2S increase then it decreases. Figures 17-18 show the effect of 

temperature on the equilibrium yield of S, when the initial percentage of H2S was set as 11% and 

80% respectively. The equilibrium yield increases with the system temperature increase. 

Effects of the Ratio of H J  to CO, and Temperature on the Selectivity of S, 

Figures 19-20 show the equilibrium selectivity of S2 as a fbnction of the ratio of H2S to 

CO, and temperature. The highest selectivity is obtained at higher temperature and at high initial 

ratio of H,S to CO, on the overall basis. But there are some exceptions, specially when the system 

temperature is below 700°C, there is a small peak at low percentage of H,S (between 0.1-6% 

depending on the system temperature). When the ratio of H2S to CO, equals 4 and temperature 

below 5OO0C, the selectivity of S,  is less than 20.0%. Figures 21-22 show the effect of increasing 

the initial percentage of H2S in the H,S and CO, mixture on the equilibrium selectivity of S, at 

several specific temperatures. The value of selectivity is not sensitive to the initial H,S percentage 

in the H,S and CO, mixture between 10% to 80% at all temperatures investigated. Figures 23-24 

show the effect of temperature on the equilibrium selectivity of S, when the value of the initial 

percentage of H2S was 11% or 80%. The equilibrium selectivity increases with the system 

temperature increase. 

One of the project efforts is to study the feasibility of producing methane fiom hydrogen 

suiiide (El$) and carbon dioxide (COJ besides producing elemental sufir. Simulation works was 

also carried out in order to understand the thermodynamic limits and reaction mechanisms within 
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the reaction system. The overall reaction proposed is (Paushkin, 1988): 

4 H2S + CO, == 2 S, + CH, + 2 H,O (A) 

The basic idea of this reaction was that a rich gas stream of H2S and CO, passed through a high 

temperature catalyst bed to form elemental sulfur, methane and water vapor. However, the 

reaction has been described to be effective but details of the particulars of this reaction such as 

thermodynamic analyses and multistage operations have not been found in the literature. In the 

simulation, the feed was 80 mole % of H2S and 20 mole % of CO,. The reaction temperatures 

ranged from 450°C to 11OO"C, and the pressure was kept at 1 atm. Gas components in the 

reaction system were CH,, COY COS, CO, CS, H, H,O, H2S, SO, and S,. Although the sulfur 

actually formed as a combination of allotrope (Kaloidas et al, 1987 and Rau et al, 1973), only the 

total amount of sufir  was considered due to the fact that this approximation proved to be very 

close to the total sum of all allotropes. It has been verified in the calculation that above 65OOC the 

error of total amount of produced sufir caused by using S ,  to stand for suf i r  allotropes was not 

detectable within the double precision numerical significant figures. 

As mentioned previously, recycle and multiple reaction zones are necessary for Reaction 

(A) as several possible steps in the attempt of thermochcmical approach. The thermodynamic 

limiting step of the system is the decomposition of H2S. The initial ratio of H2S to CO, is set to 

4 which matches the stoichiometric ratio of Reaction (A). The H2S decomposition reaction and 

the water-gas shift reaction are endothermic, therefore, the H2S mole fiaction decreases as the 

system temperature increases causiig more formation of sulfur and CO. However, the methanation 

reactions are exothermic, therefore the mole fiactions of CO and CO, decrease as the system 
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temperature decreases producing more CH,. These facts require that the system must be divided 

into at least two reaction zones and at least one product should be removed fiom the system to 

prevent re-equilibrium to occur as the system temperature changes. We propose that the sulfur be 

continuously extracted form the system by means of condensation or adsorptiodabsorption. At 

the end of the reaction, the system eventually cools down to room temperature, 25°C. As an 

example (Table 4), when the reaction temperature is 900°C (in zone one) the equilibrium 

component distribution is as following after gradually cooling down to 25°C (in zone two). 

The results shown in Table 4 strongly support the concept of continuous removal of s&r 

fiom the system and clearly demonstrate the feasibility of the stoichiometric relations in Reaction 

(A). The significance of the simulation is that sulfur is removed fiom the system when the 

reactions reach an equilibrium at each stage. Then the sulfur is removed and the residues are into 

the next stage and react. When the new equiliirium reaches, sulfur is removed again. This process 

continues until the efficiency of s u l k  removal becomes very low, Le., there is no sulfur to be 

extracted fiom the system. Thermodynamically, the limitation is controlled by the sulfur vapor 

pressure of the condensed phase. The equilibrium mole fraction of the related species at the first 

stage before sulfur extraction is shown in Table 5, which is the same situation as no recycle 

process. The final product distributions at various reaction temperatures are shown in Table 6. 

Table 7 shows the product distribution at 25°C. The H2 mole fiaction becomes lower in the 

presence of C02 since CO, reacts with H2 to form H20 and CO. The equilibrium of H,S 

decomposition is shifted to favor the formation of elemental sulfur. Now, COY CO, and H2 can 

form CH, while the system cools down to the room temperature. 
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CH,: 

When the system reaches its final equilibrium stage, which is limited by the sufir  vapor 

pressure, no sufir  can be extracted fiom the system. The equilibrium mole fiaction of CH, as a 

finction of temperature fiom 450 to 1100°C is shown in Figure 25. The high mole fiaction of CH, 

is obtained at low reaction temperature since the methanation reaction is exothermic. When the 

reaction temperature is around 5OO0C, the mole fiaction of CH, is 1.5%. As shown in Figure 26, 

when the reaction temperature in the first zone is 95OoC, the system gradually cools down to 

25OC, which favors the formation of CH,, the mole fiaction of CH, in the second zone reaches 

32%. Higher reaction temperature promotes more H,S decomposition into H2 and S,. Since sufir  

is removed at each equilibrium stage, there is less chance for regeneration of H2S to occur. High 

mole fraction of H2 in the system residue favors the methanation reaction to form CH,. Figure 27 

shows the effects of reaction temperature and the number of theoretical stages on the equilibrium 

mole fraction of CH, in zone one. Low temperature and large number of stages favor the 

methanation reaction. The majority of CH, is formed in the second reaction zone which acts a 

methanation reactor. 

H2* 

Figure 28 illustrates the equilibrium mole hction of H2 as a function of temperature when 

the system reaches its final equilibrium, that is, there is no sufir  can be extracted fiom zone one. 

Between 450 and 1 100°C, higher reaction temperature promotes higher mole fiaction of H,. When 

the reaction temperature is around 900°C, the mole fiaction of H2 levels off at 62%. Above 900°C 
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the H2 mole fiaction does not increase significantly. Then the system cools down gradually to the 

25°C (Figure 29) without quenching because virtually no re-equilibrium occurs. Most of the & 

react with CO and CO, to form CH, and depleting its mole fraction down to 2.9% for the first 

zone temperature above 900°C, and down to almost zero % for the first zone temperature below 

900°C. The effects of the reaction temperature and the number of theoretical stages are shown in 

Figure 30. The high temperature and large number of stages favor the production of H2 in the first 

reaction zone. 

co: 
Figure 31 shows the relationship of equilibrium mole fraction of CO with reaction 

temperature when the system reaches the final equilibrium. Because the water-shift reaction is 

endothermic, the higher mole hction of CO is achieved at a high reaction temperature. At 7OO0C, 

the mole fiaction of CO in the system reaches 11.4%. Above 700°C the CO mole hction 

monotonically increases, reaching 17.3% at 1100°C. Considering that the initial concentration of 

CO, is only 20%, the conversion of CO, is high. When system cools down to the 25°C (Figure 32) 

the mole fiaction of CO is down to less than 1 ppm. Figures 33 shows the effect of reaction 

temperature on the equilibrium mole fiaction of CO. High temperature and high number of cycles 

favor the production of CO in the first zone. 

HJ: 

Figure 34 shows the final equilibrium mole fraction of H2S as a fbnction of temperature. 
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The initial concentration of H,S is set to 80% to match the stoichiometric ratio in Reaction (A). 

The mole fiaction of H2S continually goes down as the reaction temperature goes up. At 900°C, 

the mole fiaction of H2S is only about 3.3%. There is only a small amount of re-equilibrium 

occurring after cooling down to 25°C. (See Figures 34 and 35.) Figure 36 shows that high 

temperature and large number of stages favor the H2S decomposition reaction in the first reaction 

zone. 

co,: 
The pattern ofthe CO, mole fiaction change is similar to that of H2S. Figure 37 shows the 

ihal mole fraction of CO, continually decreasing with the increasing reaction temperature due to 

the fact that the water-shift reaction is endothermic. When the reaction temperature reaches 

900°C, the mole fiaction of CO, is only about 3.1%. As the system cools down to the 25°C 

(Figure 38), most of the CO and CO, react with H, to form CH,. Figure 39 also indicates that high 

temperature and large number of stages favor the water-shift reaction. 

40:  

Figures 40 and 41 show the equilibrium mole fiaction of H20 as a finction of temperature 

when the system reaches the h a l  equilibrium. The high mole fiaction is obtained at high reaction 

temperature. 

COS and CS2: 

28 



Within the temperature range being investigated, the equilibrium mole fractions of COS 

and CS, are very small (Figures 42 and 43) when the system reaches its final equilibrium state. 

so,: 
Between the reaction temperature of 450 to 1000°C, the equilibrium mole fraction of SO, 

is always less than 1 ppm (Figures 44-46) when the system reaches its final equilibrium state. 

s,: 

Figures 47-48 show the final equilibrium mole fraction of S,. The highest number of stages 

up to 10,000 was used in order to find the final extraction equilibrium point. However, when the 

number of stages increased over 3000, the calculation reached beyond the significant figures of 

the computer. All the results of equilibrium calculations in the report are based on the first 1,000 

stages. 

The simulation for the above process is based on the removal of sulfbr fiom the system by 

condensation when the reaction reaches an equilibrium. The residues are fed into the next stage. 

A new equilibrium reaches and sulfur is removed again. This process continues until the efficiency 

of sulfur removal from the reaction system becomes very low. Thermodynamically, the limitation 

is controlled by the sulfur vapor pressure of the condensed phase. 

Sulfbr vapor pressure affects the condensation efficiency of sulfur which defines a limit 

for extraction of sulfur fiom the reaction system. The temperature of the condensed phase lies 
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within the sulfur melting point at 112.8"C and the boiling point at 444.6"C (Perry et al, 1984) at 

1 atm. The relationship of s u b r  vapor pressure with temperature will determine the optimum 

value of reaction temperature in the jirst and second zones. It will also determine the experimental 

decision on how many stages are really needed to reach a practical equilibrium limit in a bench 

scale experiment. In this report, the theoretical effects of the reaction temperature and the number 

of stages on the H2S conversion and sulfbr yield are discussed. Further investigation will be 

performed along with the relevant bench scale experiments. 

Figure 49 illustrates the relationship of s u b r  vapor pressure with temperature at 1 atm 

form three independent sources (Perry et al, 1984, Hultgren et al, 1973 and Barin et al, 1977). Due 

to the different research interests of the investigators, the s u k r  vapor pressure data in these 

sources do not cover the same temperature range. However, they are consistent with each other 

in their tendencies and overlap areas within the temperature range of our interest and are accurate 

enough for the present purpose. S u b r  vapor pressure increases exponentially with the 

temperature. This feature makes the operation temperature of condensed sufir  very sensitive to 

the sulfur removal efficiency. High sulfur vapor pressure in the system will inhibit s u b r  

condensation or adsorption although high temperature will favor the main reaction to decompose 

H2S and save the total cost of system energy usage. Therefore, there is a set of optimum values 

for each system configuration. 

During this period of work, the effect of sulfur vapor pressure is taken into account and 

the s u b r  sink temperature is arbitrarily set as 150°C. This temperature is not yet an optimum 

temperature but it will help us to demonstrate the change of H2S conversion and sulfbr yield versus 
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temperature and the number of stages under the inference of sufir  vapor pressure. From Figure 

49, the sulfur vapor pressure at 150°C is 2x104 atm. After repeating the calculations with this 

sulfUr pressure, the new result shows that the maximum effective number of stages is dropped to 

220, at which point there will be no further s u b r  extracted from the system. 

Figure 50 shows the effects of reaction temperature @om 450 to 1100°C) and the number 

of theoretical stages (form 1 to 220 stages) on the equilibrium conversion of H2S. In general, a 

high conversion is obtained at high temperature and large number of stages. The increase of 

temperature has a greater positive effect on the conversion due to the endothermic nature of H2S 

decomposition reaction. When N equals to 1, the curve stands for a single stage or once-flow 

reactor. As the number of N increases, H2S conversion does not increase proportionally with N 

values. If the reaction temperature is fixed, the relationship of the conversion versus the number 

of stages N can be approximately summarized by the equation below: 

Conversion of H2S = a(T) + p(T)mLOG2(N) (650 < T < 1000°C) 

where a(T) and p(T) are the functions of reaction temperature. It is true that the higher the 

number ofN, the higher the H2S conversion. However, it also means that the larger the dimension 

of the reaction system. Another feature illustrated in Figure 50 is that a multiple stage system has 

more positive effect on the H2S conversion at the higher reaction temperatures range than at the 

low ones. 

Figure 51 shows the effects of reaction temperature and the number of theoretical stages 

on the equilibrium yield of sulfhr. The conclusion fiom Figure 5 1 is similar to that from Figure 50. 

The reason is that sulfhr produced at each theoretical stage is almost completely recovered by the 
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system. There is very little amount of by-products formed, such as COS, CS, and SO,. Therefore, 

almost all the m k r  decomposed fiom H2S is recovered as elemental sulfur. For the yield of sulfur, 

an equation similar to equation @) can be deduced: 

Yield of Sulfur = q(T) + ;1(T)rLOG2(N) (650 < T < 1000°C) (C) 

where q(T) and A(T) are the functions of reaction temperature. 

Actual number of stages and the temperature of reaction and sulfur sink will be chosen 

only after detailed laboratory works. The key is to find out an effective mechanical configuration 

of the suf i r  condensation system. 

5. CONCLUSIONS 

It was experimentally proved that the Co-Mo sulphided catalyst was a good candidate for 

the decomposition of H2S to elemental sufir. In the presence of CO, the conversion of H2S to 

elemental sulfur increased significantly. The experimental values were reasonably close to the 

thermodynamic equilibrium limits. It was also experimentally demonstrated that the present 

catalytic process produced a significant amount of sulfur, CO and H2. However, the &S 

conversion level of about 4.66% was still lower than the industrial interest at the present 

experimental temperature of 550°C, requiring a recycle and/or two reaction zones. 

The main scheme of the present thermodynamic simulations is that a rich gas stream of H2S 

and C02 passes through a high temperature catalyst bed to form elemental sulfur, methane and 

water vapor. The overall reaction is shown as Reaction (A). A simulation for the above process 

is based on the removal of sufir  fiom the system by condensation when the reaction reaches an 
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equilibrium. The residues are fed into the next stage. A new equilibrium reaches and sulfur is 

removed again. The results in Table 1 and 2 strongly support the concept of continuous removal 

of suKr fiom the system and clearly demonstrate the feasibility of the stoichiometric relations in 

Reaction (A). The results indicate that the number of stages needed to reach the final system 

equilibrium for recovering sulfbr can be greatly affected by the factor of sulfbr vapor pressure. 

And the sulfur vapor pressure versus the system temperature follows a logarithmic relationship. 

The H2S conversion and sukr  yield do not increase proportionally with the number of stages. The 

simulation indicates that a multiple stage system is more effective at a high reaction temperature 

range in raising the H2S conversion and sulfur yield. 

6. FUTURE WORK 

The major work in the next year will be both experimental and modeling work. 

The catalytic reaction will be carried out on more wide range of temperatures to find out 

the optimum operating condition for the process. The product composition fiom the reactor will 

be measured with more accuracy in order to find out the mechanism of methane formation. The 

feasibility of the product recycle and the multiple reaction zones will be investigated 

experiment ally. 

A bench-scale experiment will be carried out to find out the ability of different kinds of 

materials on sulfur vapor condensation and adsorption, the relationship between the system 

reaction temperature, sulfbr sink temperature and the effects of both temperatures on the sulfur 

recovery efficiency. 
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Figure 7. Conversion of H 2 S as a Function of Temperature 
and Initial H 2 S % in the H 2 S and CO 2 Mixture 

(P = 1 atm) 
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Figure 8. Conversion of H 2 S as a Function of Temperature 
and Initial H 2 S% in H 2 S and CO 2 Mixture 

(P = I atm) 
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Figure 9. The Effect of the Initial H2S% on the Conversion of 
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Figure I O .  The Effect of the Initial H+% on the Conversion of 
H2S at 700,800,900, 1000°C 
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Figure 11. The Effect of Temperature on the Conversion of H2S 
at Initial 11% H2S in H2S and C 0 2  Mixture 
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Figure 12. The Effect of Temperature on the Conversion of H2S 
at Initial 80% H2S in H2S and C02 Mixture 
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Figure 14. Yield of S 2 as a Function of Temperature and lntial 
H 2 S% in H 2 S and CO 2 Mixture (B = 1 atm) 



0 lo 20 30 40 50 60 70 80 I 0 0  

Initial H2S in H2S and C02 Mixture 

Figure 15. The Effect of the Initial H2S% on the Yield of S2 

at 500,550, 6OO0C 



Figure 16. The Effect of the Initial H2S% on the Yield of S2 

at 700,800,900, 1000°C 
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Figure 17. The Effect of Temperature on the Yield of S2 at Initial 
11% H2S in H2S and C02 Mixture 
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Figure 18. The Effect of Temperature on the Yield of S2 at Initial 
80% H2S in H2S and C02 Mixture 



Figure 19. Selectivity of S 2 as a Function of Temperature and 
Initial H 2 §% in H 2 S and CO 2 Mixture (P = I atm) 
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Figure 20. Selectivity of S 2 as a Function of Temperature and 
Initial H 2 S% in H 2 S and CO 2 Mixture (P = I atm) 
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Figure 21. The Effect of the Initial H2S% on the Selectivity of S2 

at 500,550, 6OO0C 
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Figure 22. The Effect of the Initial H2S% on the Selectivity of S2 

at 700,800,900, 1000°C 
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Figure 23. The Effect of Temperature on the Selectivity of S2 
at Initial 11% H2S in H2S and C 0 2  Mixture 
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Figure 25. The Effect of Temperature on Equilibrium Mole Fraction of CHq 
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Figure 26. The Effect of Reaction Temperature on Equilibrium Mole Fraction 
of CH4 after Cooling down the Reaction System to 25OC 
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Figure 27. The Effect of Reaction Temperature and the Number of Simulated 
Cycles on Equilibrium Mole Fraction of CH4 
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Figure 28. The Effect of Temperature on Equilibrium Mole Fraction of H2 
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Figure 29. The Effect of Reaction Temperature on Equilibrium Mole Fraction 
of H2 after Cooling down the Reaction System to 25OC 
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Figure 30. The Effect of Reaction Temperature and the Number of Simulated 
Cycles on Equilibrium Mole Fraction of H2 
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Figure 31. The Effect of Temperature on Equili wium Mole Fraction of CO 
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Figure 32. The Effect of Reaction Temperature on Equilibrium Mole Fraction 
of CO after Cooling down the Reaction System to 25 OC 
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Figure 33. The Effect of Reaction Temperature and the Number of Simulated 
Cycles on Equilibrium Mole Fraction of CO 
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Figure 34. The Effect of Temperature on Equilibrium Mole Fraction of H2S 
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Figure 35. The Effect of Reaction Temperature on Equilibrium Mole Fraction 
of H2S after Cooling down the Reaction System to 25OC 
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Figure 36. The Effect of Reaction Temperature and the Number of Simulated 
Cycles on Equilibrium Mole Fraction of H2S 
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Figure 37. The Effect of Temperature on Equilibrium Mole Fraction of C02 
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Figure 38. The Effect of Reaction Temperature on Equilibrium Mole Fraction 
of C02 after Cooling down the Reaction System to 25OC 
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Figure 39. The Effect of Reaction Temperature and the Number of Simulated 
Cycles on Equilibrium Mole Fraction of C02 
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Figure 40. The Effect of Temperature on Equilibrium Mole Fraction of H20 
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Figure 41. The Effect of Reaction Temperature on Equilibrium Mole Fraction 
of H20 after Cooling down the Reaction System to 25OC 



1 .OE-I 

1 .OE-2 

E 
0 
'3 1.OE-3 
0 

L 
E 

1 .OE4 

I .OE-5 

Reaction Temperature (OC) 

Figure 42. The Effect of Temperature on Equilibrium Mole Fraction of COS 
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Figure 43. The Effect of Temperature on Equilibrium Mole Fraction of CS2 
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Figure 44. The Effect of Temperature on Equilibrium Mole Fraction of SO2 
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Figure 45. The Effect of Reaction Temperature on Equilibrium Mole Fraction 
of SO2 after Cooling down the Reaction System to 25OC 



Number of Simulated Cycle 

Figure 46. The Effect of Reaction Temperature and the Ndmber of Simulated 
Cycles on Equilibrium Mole Fraction of SO2 
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Figure 47. The Effect of Temperature on Equilibrium Mole Fraction of S2 
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Table I. Summary of Experimental Results 

Conversion 

(%I 
Reactant RUn 

Number 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

* Due to thc 

remperature 

(“C) 

500 (No sulfur 
Observed) 

Pure H2S 

600 Pure H2S (Trace Amount of 
Sulfur Observed) 

Pure &S (Little Sulfury 
Difticult to Collect) 

600 

500 0.093 Pure H2S 

505 Pure H2S 0.109 

- 
0.346 Pure H2S 505 

~ 

0.075 5 15 Pure H,S 
Alumina catalyst 

Empty Bed 

Empty Bed 

~ 

(No sulfur 
Observed) 

50.0 
(40: 10) 

H2S:C02=4: 1 500 

~ ~~ 

(Little Sulfur, 
D8icult to Collect) 

H2S:C02=4: 1 50.0 
(40: 10) 

600 

(Trace Amount of 
Sulfur Observed) 

500 H2S:C0,=4: 1 

~ 

600 (Little Sulfury 
DiffkuIt to Collect] 

~~ 

4.658 H2S:C02*. 1 550 

- 
* 550 100.0 CoO-MOO,- 

ie experiment, conversion could j 
ulfur produced. 

low meter durini be calculated based on the mass iilure of the H21 
balance even though there was a large amount o 



Table 2. Relative Concentration of Possible Products at 550°C and 
I atm (Initial Percentage of H,S in H,S and CO, is 80%) 



Table 3. The Possible Side Reactions Expected to Occur at T=550°C 
and P=l atm 

H,S T- H, + 0.5 S, 

CO,+H, T- C0+H20 

2CO+S,  =+ 2 c o s  

H2S + CO, =+ CO + 0.5 S ,  + H,O 

H2S + CO =+ COS +H2 

H,S + CO, + COS + H,O 

2 &S + SO, =+ 1.5 S, + 2 H,O 

H2S + COS + CS, + H,O 

H2S + CO T- COS +H2 

CO, + 0.75 S ,  =+ COS + 0.5 SO, 

2 cos T- CO, + cs, 

AG = 87.468 =/mol 

AH = 94.794 =/mol 

AG = 8.824 =/mol 

AH = 36.601 =/mol 

AG = -44.644 =/mol 

AH = -98.69 =/mol 

AG = 52.558 =/mol 

AH = 83.998 =/mol 

AG = 21.412 =/mol 

AH = -1.948 =/mol 

AG = 30.236 =/mol 

AH = 34.653 KJ/mol 

AG= -19.197 =/mol 

AH = -78.264 =/mol 

AG = 40.014 KJ/mol 

AH = 34.605 =/mol 

AG = 21.412 KJ/mol 

AH = -1.948 =/mol 

AG = 38.835 =/mol 

AH = 73.785 =/mol 

AG = 9.778 =/mol 

AH = -0.0478 KJ/mol 

K=2.80 8x1 Od 

Endothermic 

K=2.754~10" 

Endothermic 

K=6.8 17x102 

Exothermic 

K=4.6 1 4 ~ 1 0 ~  

Endothermic 

K 4 . 3  75x1 O-, 

Exothermic 

K=1.205x102 

Endothermic 

K=16.538 

Exothermic 

K=2.8 86x1 O 3  

Endothermic 

K 4 . 3  75x1 O 2  

Exothermic 

K 4 . 9 6 2 ~ 1  O 3  

Endothermic 

K=2.3 95x1 0-' 

Exothermic 



Table 3. cont. 
~~~ 

2 H2 + SO, + 2 H20 + 0.5 S ,  AG = -106.665KJ/mol K=5.8 90x1 O6 

AH = -173.058KJ/mol 

AG= -124.313KJ/mol 

AH = -246.26 KJ/mol 

AG = -150.399KJ/mol 

2 CO + SO, =+ 2 CO, + 0.5 S2 

SO,+ 3 H2 =+ H,S +2H2O 

AH = -220.455KJ/mol 

COS+H,O+H, CH,+SO, AG= 111.638KJ/mol 

AH = -0.7600 KJhol  

AG = 96.160 KJ/mol CS,+2H2S =+ CH,+ 2 S, 

4H2+CS, 2H,S+CH, 

3% + CO CH, +KO 

CO2+4H2 * CH4+2H,O 

Exothermic 

D 7 . 7 6 7 ~ 1  O7 

Exothermic 

K=3.5 15x1 0’ 

Exothermic 

K=8.207-* 

Exothermic 

K=7.882xl 0’7 

AH = -66.233 KJ/mol Exothermic 

AG = -78.776 KJ/mol ~=1.00o~10~ 

AH = -255.821KJhnol Exothermic 

AG = -17.350 KJhol  K=12.624 

AH = -223.163KJhol Exothermic 

AG = -8.526 KJ/mol K=3 -477 

AH = -186.562KJ/mol Exothermic 
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, 1 Table 4. When the reaction temperature is 900°C (in zone one) the equilibrium component distribution 
is changed as following after gradually cooling down to 25°C (in zone two) 

0.00 

o.oo* 

o.oo* 

I I I 

I I I 
0.00 0.00 

0.00 0.00 

0.00 0.00 

Initial Mole 
Fraction 
(900°C) 

80.00 20.00 0.00 

Final Mole 
Fraction 
(900°C) 

0.00 

61.88 

2.87 
Final Mole 
Fraction 
(25°C) 

0.00 0.00 0.00 

15.76 15.97 0.03 

0.00 61.12 0.00 

3.34 

5.43 

I I I 7-r-r 
3.1 8 0.02 

0.00 30.58 

~ *S, has already been extracted from the system during the each equilibrium stage and recovered. (mole fraction in percentage) i 



I 

6.289E-07 

6.183E-07 

Figure 5. Equilibrium Mole Fractions of the Related Species at the First Stage before Sulfur 
Extraction (the Same Situation as no Recycle) 
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Figure 6. Equilibrium Mole Fractions of the Related Species at the Final Stage of Sulfur Extraction 
before Cooling down the Reaction System to 25°C 
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Figure 7. Equilibrium Mole Fractions of the Related Species at the Final Stage of Sulfur Extraction 
after Cooling down the Reaction System to 25°C 
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