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Executive Summary 

The goal of this project is to investigate the conditions in which volatiles will burn within 

both the dense and fieeboard regions of fluidized beds. Experiments using a fluidized bed 

operated at incipient fluidization are being conducted to characterize the effect of particle 

surface area, initial fie1 concentration, and particle type on the inhibition of volatiles within 

a fluidized bed. 

A review of the work conducted under this grant is presented in this Final Technical Report. 

Both experimental and theorectical work have been conducted to examine the inhibition of 

combustion by the fluidized bed material, sand. In addition, fbture work by a senior in the 

undergraduate program in chemical engineering is outlined. 

A new undergraduate student, Christopher Wensperger was added to continue the work 

that Linda D. Mansker was not able to complete. Linda Mansker has developed a 

sensitivity to certain chemicals and as of the date of this report has not been able to return 

and complete her work. Christopher Wensperger has undertaken a senior research 

project using the equipment finded under this project and a portion of a DuPont Young 

Professor grant. He started work on this project on 8 May 1995 and has completed the 

revisions to the apparatus that was discussed in Technical Progress Report #lo. 

Through the finding on this project two master's thesis have one undergraduate research 

project have been completed: 

Piras Chantravekin, "Fluidized Bed Combustion Design and Combustion Mechanism 
Modeling," Master of Engineering in Chemical Engineering, December 1994. 

Robert A. Pendergrass E, "Volatiles Combustion in Fluidized Beds," Master of Science in 
Chemical Engineering, May 1995. 

Lynn Todinson, "Design of a High-Temperature Gas Sampling Probe for Use in a 
Fluidized Bed," May 1993. 
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The results of this work will have been presented at eight meetings ranging from a 

undergraduate student research competition to the 1994 International Symposium on 

Combustion. Lynn TomIinson received first place for his presntation at the AIChE Md- 

America Regional Conference. A journal paper is in preparation based on the thesis of 

Robert A. Pendergrass. 

DISCLAIMER 

This report was prepared as an account of work sponsored by an agency of the United States 
Government. Neither the United States Government nor any agency thereof. nor any of their 
emptoyees, makes any warranty, express or implied, or assumes any legal liability or responsi- 
bility for the accuracy, completeness, or usefulness of any information, apparatus, product, or 
process disclosed, or represents that its use would not infringe privately owned rights. Refer- 
ence herein to any specific commercial product, process, or service by trade name, trademark, 
manufacturer, or otherwise does not necessarily constitute or imply its endorsement, recom- 
mendation, or favoring by the United States Government or any agency thereof. The views 
and opinions of authors expressed herein do not necessarily state or reflect those of the 
United States Government or any agency thereof. 
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Literature Review 

Many models of the burning process in fluidized beds neglect the effects of coal 

volatiles on the combustion of solid char remaining after devolatilization. The objective of 

an article by Stubington (1980) was to highlight the role of coal volatiles in the burning 

process and to  discuss the effects on modeling and design of industrial fluidized bed 

combustors. Combustion of coal within a fluidized bed involves processes of solid mixing, 

coal devolati&ation, volatiles combustion, and char combustion. In fluidized beds, axial 

solid mixing is rapid as a result of bubble induced motion, but radial solids mixing is much 

slower. In char combustion, it is generally assumed that combustion of solid particles 

occurs in the,particulate or dense phase. The processes involved in this combustion are 1) 

transfer of oxygen from bubble to particulate phase, 2) diffusiqn of oxygen towards the 

particle from the particulate phase, 3) reaction of oxygen or carbon dioxide with carbon on 

the particle surface, and 4) diffusion of combustion products away fiom the particle surface. 

The operating conditions of the bed govern which of these processes control the rate of 

combustion. For low operating temperatures (< 650" C), rate of combustion is kinetically 

controlled, and a high concentration of oxygen is expected in the particulate phase. Above 

650" C the rate of combustion is mass transfer controlled. Stubington (1980) observed that 

for larger particle sizes the exchange rate between phases is rapid and not rate controlling. 

For industrial application, small bed particle sizes are used which result in large bubbles. 

The exchange rate between phases in this case is slower, and the particulate phase is 

depleted of oxygen. Thus, the diffusion of oxygen through the particulate phase controls 

the rate of carbon particle combustion at bed temperatures greater than 700" C. According 

to Stubington (1980), devolatilization occurs over the entire height of bed above the 

injector, and the concentration of volatiles released is higher near the area of coal injection. 

In volatiles combustion, mixing of the volatiles and oxygen is the rate-controlling step and 

* 

occurs within the bed. 



Coal devolatilization in fluidized bed combustors has been studied extensively. Park 

et a1 (1980) proposed a 'plUme' model for the combustion of volatiles of coal in a fluidized 

bed combustor. Their system specifically contained large particles (dp = 1 cm) which 

fluidized at gas velocities on the order of 1 d s .  In this regime of fluidization, gas bubbles 

rise more slowly than interstitial gas and are consequently the bubbles are purged by this 

flow. Park et al. (1980) postulated that the devolatilization process leads to formation of a 

plume of gas which rises from the coal particle through the dense phase of the bed and 

burns as a diffusion flame by oxygen contact at the plume boundary. A temperature rise is 

seen in the fieeboard of the bed supposively due to unburned volatiles fiom the plume 

breaking through the surface of the bed and reacting in the oxygen-rich region above the 

bed. Observations of coal devolatilition in a bed of 200 pm diameter particles were made 

by Yates et al(l980). Evidence suggests a different mechanism than the plume model, and 

it was concluded that the volatiles released fiom coal early in the residence of a hot (850' 

C) fluidized bed flow in the form of bubbles. The mechanism of volatiles combustion is 

controlled by bubble hydrodynamics and degree of contact with fluidizing air. Modeling of 

such systems should be based on two-phase theory of fluidization. 

Agamal and Wildegger-Gaissmaier (1987) proposed a single particle model for the 

combustion of coal volatiles around coal particles in fluidized beds. They considered the 

hydrodynamics of the bed and linked it with the size and type of bed material, distributor 

design, and total bed height. The detailed model of single particle devolatilization required 

consideration of phenomena including pyrolysis, ignition of coal, and the effect of the 

combustion o f  volatiles and heat feedback on subsequent devolatilization. The evolution of 

coal volatiles' was modeled using a coupled heat transfer and chemical reaction limited 

formulation. In the development of this model, they assumed the coal particle moves 

alternatively through the bed emulsion and bubble phases. The result of movement between 

the phases was homogeneous combustion of volatiles when coal was in the bubble phase, 
I 
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and pyrolysis conditions in the emulsion phase. The effect of fluidized bed parameters was 

studied, and the frequency of the transition from emulsion to bubble phase and amount of 

time spent between phases was determined fiom the model. The ratio of time in the bubble 

phase to time in the emulsion phase was found to be sensitive to bed height, although not 

strongly dependent for larger values of velocity in excess‘of fluidization velocity. This ratio 

increased with coal particle size and decreased with an increase of initial bubble size. 

Higher values of excess gas velocity resulted in quicker combustion of coal volatiles due to 

an increased value ofthe ratio of time in the bubble phase to time in the emulsion phase and 

a lower value of bubble-emulsion cycle fiequency. In other words, higher values of excess 

gas velocity allows more time for volatiles to be in the bubble phase and react with the 

fluidizing air. 

In a later paper, Stubington et al. (1990) developed a model for coal volatiles 

release in the bubbling bed regime of low velocity fluidized bed combustors. Their 

objective was to predict in-bed volatiles combustion efficiency as a fbnction of operating 

conditions and design parameters. The devolatilization rate is affected by parameters 

including particle size, bed temperature, moisture content, and coal type. Stubington et al. 

(1990) found support for the bed containing numerous distinct volatiles-containing regions, 

which burnt as difksion flames at their boundaries. The volatiles regions were usually 

observed in the particulate phase, but sometimes occurred in the bubble phase and adjacent 

particulate phase. 

The combustion of char in a hot bed fluidized by an aidpropane mixture was 

compared to :a bed fluidized only with air by Hesketh andiDavidson (1991a). The objective 

was to find out how volatiles fiom coal effected the combustion of char coming fiom the 

coal, using propane to simulate the volatiles. Comparison showed that the presence of 

propane slowed the char combustion rate by competing for oxygen within the fluidized bed, 

and as the bed’temperature was increased, the-reduction of the char combustion rate 
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increased. This suggests that it may not necessarily be beneficial to raise bed temperature 

to improve carbon combustion efficiency, Additionally, there may be an optimum bed 

temperature for eachcoal type: at low temperatures, the volatiles may not bum in the bed; 

at high tempqratures, the carbon combustion may be inhibited because the volatiles consume 

the oxygen in preference to the carbon. The comparison was made by using a bum-out time 

for a mass of char particles in a bed fluidized by air and comparing that to the bum-out time 

of char in the presence of propane. The latter bum-out time was derived assuming that 

propane combusts only in the bubble phase and not in the particulate phase and that the 

kinetics of propane combustion in the bubble phase are infinitely fast. In experiments 

conducted with stoichiometric aidpropane mixtures, it appeared that the bed acted as a 

gasifier. Subsequent experiments provided excess oxygen with respect to the char and 

propane: the f lu idhg  mixture contained 2.5 vol.% propane. The bed temperature and 

carbon monoxide concentration increased after addition of char particles into the bed, and 

there was excess oxygen at all times in the bed. Combustion, rather than gasification 

occurred with the ke l  lean air/propane mixture. The bum-out time of char was greater with 

propane present in the fluidizing gas than with air alone. Higher bed temperatures resulted 

in substantial increases in bum-out time due to propane burning within the bed. The ratio of 

burn-out time for the aidpropane mixture to burn-out time for the air only case increased 

with bed temperature because the propane burning within the bed depleted the oxygen 

available for char combustion. The question of which process was controlling was 

addressed by comparison of two types of char. Using air as the fluidizing gas, the burn-out 

time decreased as the temperature increased for a weakly reactive char, implying a kinetics 

controlled process. A more reactive char with larger sized particles was shown to have a 

burn-out time independent of temperature using air as the fluidizing gas, implying a 

di&sion controlled process. Burn-out time increased uiith temperature at high 

temperatures for the more reactive char with an &/propane mixture fluidizing the bed. The 
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change of char combustion rate with temperature in an aidpropane mixture was minimized 

when combustion was controlled by diffusion. 

Inhibition of premixed air and gaseous &el combustion in fluidized beds has been 

observed by many investigators for methane and propane Kharchenko and Makhorin 

(1964), Rao and Stepanchuck (1967), Saddov and Baskakov (1973), Makhorin and 

Glukhomayuk (1975), Omar and Islam (1976), Jamaluddin and Islam (1981), Boned1 et aI. 

(1981), Dennis et al. '(1982) and van der Vaart (1988% b). The common finding of these 

investigators was that it was necessary to increase the bed temperature in order to burn the 

fuel within the bed. 

Propane combustion in bubbling fluidized bed was examined by van der Vaart (1988a). 

These experiments were designed to determine ifvolatiles burn entirely within the bubbling 

fluidized bed or in the overboard burning occurs. Van der Vaart defined a critical 

temperature above which burning occurs in the bed. He observed a sudden conversion of 

he1 in the freeboard below the critical temperature and a more steady reaction above the 

critical temperature, at which combustion occurs in the bed. Below a bed temperature of 

750" C, oxygen is totally consumed at the surface, while above 85OoC, the oxygen 

concentration decreased with increasing distance from the distributor. Since both phases 

were sampled within the bed, it was not known whether combustion occurred within the 

particulate phase or the bubble phase. 

Inhibition of propane combustion has also been observed in the bubble phase. 

Dennis et a1 (1982) predicted the minimum bubble size for which gas combustion could 

occur within the bubbles for a given bubble temperature. They postulated that inhibition is 

caused by free radical quenching at the surface or "wall" of the bubble, created by the sand 

of the particulate phase. The bed material used in their experiments was a group B powder 

(Geldhart Cl&xification) and the bubble rise velocity was greater than the minimum 

fluidization velocity. Under these conditions gas circulation is confined within a region 
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surrounding the bubble called the cloud region. Bubbles increase in size by coalescing with 

surrounding bubbles and grow in volume as they rise through the bed. Since the surface 

area per unit volume of the bubble decreases with bubble size, these investigators postulated 

that the bubble will grow to a critical size at which the gas mixture will ignite. This theory 

is in contrast to that proposed by van der Vaart (1988a) in which he proposed that the 

reaction within the bubble was inhibited by the high rates of heat transfer within the bed. 

Both Dennis et al(1982) and van der Vaart (1988a) modeled the inhibition within the 

bubble phase and both theories resulted in identical equations. 

Sadilov and Baskakov (1973) concluded that gas burns within the bubble phase, but 

were not able to make conclusions about gas combustion in the particulate phase. They 

measured the fiequency and amplitude of temperature fluctuations at the bed surface using a 

high speed micro-thermocouple. These fluctuations were attributed to bubbles traveling 

into the probe that contained hot gases. These bubbles were hotter than the surrounding 

particulate phase, since it was postulated that the bubbles contained hot gases fkom volatiles 

combustion. 

Hesketh and Davidson (1991b) presented experimental evidence that the particulate 

phase of a fluidized bed inhibits the combustion of hydrocarbons. Temperature and gas 

concentration experiments were conducted to determine the temperature at which volatiles 

begin to burn within the particulate phase of a bubbling fluidized bed. The particulate phase 

of such a bed was approximated by operating a fluidized bed at incipient fluidization, thus 

eliminating the bubble phase fiom the bed. Gas concentration measurements were made 

from products of both premixed propane/air and methane/air mixtures. The critical 

temperatures above which combustion products were observed in the particulate phase 

were 835°C and 915°C for propane and methane, respectively; below the critical 

temperature for each fueVair mixture, combustion was negligible. The propane critical 

combustion temperature was codinned fiom the results of unsteady-state temperature and 
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ignition delay time measurements. This work showed that the combustion inhibition was 

not caused by high heat transfer rates, since the rate of heat trapsfer in an incipient fluidized 

bed is very low. 

The oxidation of propane at low and transition temperatures was studied by Wilk et 

al. (1986). This examination showed that the ignition delay time increased with increasing 

surface to volume ratios. It was concluded from this study that the main reaction paths of 

the mechanism were not affected by the increased surface area, but the added surface did 

affect the reaction by increasing heterogeneous termination, thus slowing the overall rate. 

A fbndamentd process in all ignition phenomenais reaction inhibition by another 

free radical, a surface, or a stable species. The inhibition phenomenon is usually presented 

as an ignition delay time, caused by the rate of free radical termination being greater than 

the rate of free radical production by initiation and chain branching steps. According to 

Lewis and von Elbe (1987), the rate of free radical termination by gas phase collisions is 

negligible compared to termination by a surface because of the low concentration of free 

radicals prior to ignition. Thus, all combustion reactions will have a finite ignition delay 

time since the rate of free radical production is not instantaneous. 

The ignition delay time is a strong finction of temperature. As the temperature is 

increased, free radical termination does not accelerate asfast as free radical production at a 

surface, causing the delay time to decrease. For example, the ignition delay times for a 

stoichiometric mixture of propane and air at 550°C is approximately 10 s, but the ignition 

delay time at 1000°C in the same vessel is less than 1 millisecond. The initial concentration 

of &el and owgen arid the chemical composition ofthe surface and adsorbed species are 

two other factors that have been investigated. 

The ignition delay time is a function of the ratio of surface area to volume of gas. 

At a given temperature, as the volume of a closed vessel.is decreased the ignition delay 
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time increases. Surface inhibition was first proposed by Spence (1932) and experimental 

investigations were conducted by Norrish and Foord (1936) and Nomsh and Reagh (1940). 

In these experiments the investigators determined a minimum vessel diameter within which 

the reaction rate was.essentially zero at a given temperature and the corresponding ignition 

delay time was very large. These studies were conducted using 6 hydrocarbon fuels and 

combustion vessel diameters ranging fiom 3 to 40 m. 

The surface area per unit volume of bed is inversely related to the ignition delay 

time, as verified fiom the flow reactor experiments of Norrish and Foord (1936) and 

Norrish and Reagh (1940). An ignition delay time of 0.8 s for stoichiometric mixtures of 

both aidpropane and &/methane at average wall temperatures of 782°C and 873"C, 

respectively was calculated by Hesketh and Davidson (1991a). This ignition delay time is 

16'times longer than the delay times obtained without sand present. The sand used as the 

bed material had a digribution of particle diameters ranging from 0.3 to 0.6 mm, and the 

surface area per unit volume of bed was approximately 8,800m-1. 

Ignition delay times of methane and propane have been shown to be a function of 

concentration. The thermal ignition time delay, zid, of propane/air mixtures is described by 

Lewis and von Elbe (1987) using: 

where [C3H8] and [02] are the concentrations of propane and oxygen in units of moVcm3, 

T is in K, and tid is G. s. This equation was derived assuming a reaction sequence of 11 

elementary reactions and has been shown by Hesketh and Davidson (1991a) to describe 

ignition delay times reported in the literature fiom both shock tube and plug flow reactor 

experiments. From the above equation, it can be seen that decreasing the concentration of 

propane and increasing the concentration of oxygen will. decrease the ignition delay time. 
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Similar behavior is expected with the ignition delay phenomena observed within a fluidized 

bed. 

' 
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Experimental Apparatus 

The reactor is fabricated fi-om a 3 10 stainless steel tube that is 1.3 m in length and has an ID 

of 9 cm. The reactor tube is heated by a three zone tubular furnace and the temperature is 

maintained using three temperature controllers as shown in Figure 1. The three zone 

furnace is used to obtain an approximately uniform temperature profile in the axial 

direction. 

+-Three zone Furnaw 

The feed into the reactor is a mixture of compressed air and fuel gas. The gases pass into a 

windbox filled with 3 

mm OD ceramic (alumina) 

balls used both to minimize 

the volume of premixed 

gases and act as a flow 

straightener. The gases are 

distributed using 43, 0.533 

mm ID holes drilled on a 

triangular pitch of 1.32 cm. 

The reactor is filled with 

sand to study the effect of 

particle surface area on the 

inhibition of volatiles 

combustion. Three sand 

particle sizes were used: 

+Cooling Water Inlet 
+ Cooling Water Outlet 

t- Thermocouple measuring Tc 

Sample to GC + 
Water Cooled Sampling p b e  + 

Thermocouple measuring Tw + 

'hmocouples Controlling the Furnace 

t Mixed gas Inlet 

3gure 1: Illustration of experimental apparatus. 
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0.42-0.841 mm, 0.420-0.250 mm, and 0.100-0.149 mm. Industrial grade sand was 

purchased tiom the Independent Material Company in Tulsa. 

Gases are sampled using a water cooled gas sampling probe. .The probe was fabricated 

fiom four concentric 316 stainless steel tubes. The tube diameters are 1/8, 1/4, 112 and 3/4 

inch. The water-cooled probe has been designed to quench the reactions in the inlet of the 

probe and minimize the cooling of the bed by the probe. 

The gas samples are analyzed using a Hewlett Packard 5890 Series 11 gas chromatograph. 

The gas chromatograph is controlled using the Hewlett Packard 3365 CHEMSTATION ][I 

s o h a r e  operated with a 30386 personal computer. A column switching valve and a 

samplehackflush valve are used in this system. The backnush column is a Haysep D which 

is used to prevent high molecular weight compounds from entering the two 15 m Porous 

Layer Open Tubular (PLOT) columns. The gas sample is injected into the chromatograph 

with Helium as a carrier gas using a 6-port gas sampling valve with a sample loop volume of 

0.5 mL. The switching valve converts the system to either two columns in series (Valve 2 

of€) or two columns in parallel (Valve 2 on) as shown in Figures 2 and 3, respectively. 

When the colu’mns are in series (Figure 2), the sample flows first through the J&W GS-Q 

and then the Quadrex Corporation Molecular Sieve 5A column before flowing into the 

Thermal Conductivity Detector A (TCD A). With Valve 2 on (Figure 2), part of the sample 

flows through the GS-Q column and out Detector A, while supplemental carrier gas 

(Helium) flows thou’& the Molecular Sieve SA, pushing the components on the column 

out through:Detector B. The GS-Q column is used to separate high molecular weight 

compounds such as C02, C2H4, C2Hg, C3Hg and C3Hg. The molecular sieve column is 

used to separate permanent gases such as 02/Ary N2, CHq, and CO. The C02 and higher 

molecular weight components must not flow onto the Molecular Sieve column, since these 

compounds adsorb to the column and cause irreversible cont&nation, rendering the 
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column useless. In order to prevent this contamination, Valve 2 must be switched on before 

the complete CO;! peak comes off the GS-Q column. 

Valve'l ON Valve 2 OFF 

TCD 
A 

I I Vent 
He 

I 
Sample In 

Figure 2: Valve and column configuration of the gas chromatograph - Columns in Series 

Valve 1 ON Valve 2 ON 

TCD 
A 

He 
I 

Sample In 

Figure 3: Valve and column configuration of the gas chromatograph - Columns in Parallel 
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Calibration 

A calibration of the gas chromatograph is performed each day to account for changes in 

atmospheric conditions $om one day .to another. The calibration consists of running three 

separate HP CHEMSTATION methods to comprise calibration tables for the methods used 

in analyzing the samples taken fiom the reactor. Two calibration cylinders are used to 

calibrate for most of the components being studied. The compositions of these cylinders are 

given in Tables 1 and 2. Oxygen is calibrated by sampling air through the sampling probe. 

Component 

Table 1: Calibration Gas 

Cylinder 1 

Composition 
(mol YO) Component 

Table 2: Calibration Gas Cylinder 2 

Composition 
(mol YO) 

N2 

I I C3H8 I 4.07 

0.998 

89.902 

c2Hg 

C3% 

Ar 

(4.50 

0.101 

0.498 

15.99 

CH4 5.03 

N2 

Experiment a1 Procedure 

70.685 

The experimental procedure was as follows: 

1) The incipient fluidized bed, using only air as the 

fluidizing gas, was heated to obtain a steady-state 

temperature profile. The wall and core temperatures 

were measured as a fbnction of vertical distance above the distributor plate. 

2) A stoichiometric flow of propane, where 4 = 1.0, was premixed with air and introduced 

through the distributor and into the bed. The temperature was monitored until a new 

steady-state was reached, and then a profile of the:temperature was developed fi-om 
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measurements of the core and wall as a function of vertical position above the distributor 

plate. 

3) The gas was sampled using a water-cooled probe. The water flow rate was held 

constant at 750 ml/min. The tip of the probe was located 0.54 m above the distributor 

plate and the probe was aligned to the center of the reactor. 

4) Steps 1-3 were repeated for each firnace temperature set point to obtain data points for 

concentration versus firnace temperature. 

5) Steps 1-4 were repeated for a fuel rich case in which 8% propane was premixed with air, 

so that 4 = 2.0, and for a &el lean case in which 2% propane was premixed with air, and 4 
= 0.5. 

6) Steps 1-4 were repeated using a smaller sand size with a weighted average diameter of 

0.126 mm. 

For the larger sand size (average dp = 0.531 mm), the flow rates of air and propane were 

held constant at 8,950 mI,/min and 362.5 ml/min:(Standard conditions (SC) of T=2lo C 

and P=l atm), respectively, for the stoichiometric case, 4 =' 1.0. For the fie1 rich case, 

4 = 2.0, the air flow rate was held constant at 8,950 ml/min (SC), and the propane flow 

rate was held constant at 778.3 mL/min (SC). Finally, for the &el lean case, 4 = 0.5, the air 

flow rate was held constant at 8,950 ml/min (SC), ahd the propane flow rate was held 

constant at 182.7 ml/min (SC). 

The flow rate for air for the smaller sand size (0.126 mm average diameter) was held 

constant at 1,125 ml/min (SC). The flow rates for the stoichiometric case and the fuel rich 

case were held constant at 46.9 ml/ min (SC) and 97.8 ml/min, respectively. The flow rate 

for air for each sand size was based on Urnf experiments'discussed in the following section. 
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Umf Determination 

The velocity through the bed required for minimum fluidization can be determined fiom a 

plot of pressure drop versus gas velocity for a bed of uniformly sized sand particles. 

Experiments were conducted to determine the flowrate required for minimum fluidization of 

both sand sizes. An approximation for the value of minimum fluidization was taken from 

Kunii and Levenspiel (1969). The approximation was determined from the following 

equations: 

R w  = [(33.7)' + 0.0408Ar]0'5 - 33.7 

A r =  dppg(ps = Archimedes number 
P2 

where dp is the particle diameter, ps and pg are the solid and gas densities, respectively, p is 

the gas viscosity, Remf is the Reynolds number at minimum fluidization, and g is the 

acceleration of gravity. All parameters used in the equations have cgs units of cm, g, and/or 

s. The particle diameter used in the correlation was the weighted average diameter for the 

range of sizes for a particular sand. Using this correlation gave a value of the Umf of about 

0.1 m / s  in the range of temperatures fiom 600°C to 850°C for the 0.53 1 mm sand size. The 

Umf for the smaller.sand size obtained fiom the correlation was about 0.006 m / s  in the 

same temperature range. 

For the Umf experiments, the reactor was heated and AP measurements were taken using a 

manometer. The closed end of the manometer was fitted to a 140 cm long, 0.635 cm 

diameter stainless steel tube. The reactor was heated to a range of temperatures based on 

the'critical combustion temperature determined by Van der Vaart (1988) and Hesketh and 

Davidson (1991). The tube was then placed in the top of the reactor and positioned at the 

distributor. A bed height of 96 cm was used in the Umfexperiments for the larger sand 



size, and as a result; the pressure drop continues to hcrease aRer the point of minimum 

fluidization, though only slightly, due to slugging of the bed according to Kunii and 

Levenspiel (1969). The Urnfexperiments for the smaller sand size were conducted by using 

a bed height equal to twice the reactor diameter (18 cm). 

Figures 4 through 6 illustrate the results of Umf experiments for the larger sand size (0.53 1 

mm). The results of Umf experiments for the smaller sand size (0.126 mm) are shown in 

Figures 7 through 9 . The velocity required for minimum fluidization is determined by the 

point at which lines of constant slope intersect. The minimum fluidization velocity 

decreases as the temperature is increased, evident by decreasing velocity at the intersection 

point as shown in Figures 4 through 9. From the results of these experiments, the air flow 

for the smaller sand size was set at 1125 mL/min (SC), and 8,950 mL/min (SC) for the 

larger sand size, each of which was held constant throughout the respective combustion 

experiments. 

0.15 0.175 0.2 
U (m/s) 

Figure 4: Results of Urnf experiment for a hrnace temperature of 650" C, dp=0.53 1 mm, 
md a bed height of 0.96 m. 
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'igure 5: Results of Udexperiment for a furnace temperature of 700" Cy dp=0.531 mm, 
ind a bed height of 0.96 m. 
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'igure 6: Results of U d  experiment for a furnace temperature of 800" Cy dp=0.53 1 mm, 
ind a bed height of 0.96 m. 
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igure 7: Results of U d  experiment for a fbrnace temperature of 650" C, dp=O. 121 
un, and a bed height of 0.18 m. 

U (m/s) 

'igure 8: Results of U d  experiment for a fbrnace temperature of 750" C, dp=O. 126 
m, and a bed height of 0.18 m. 
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igure 9: Results of U d  experiment for a fbrnace temperature of 850" C, dp=O. 126 
un, and a bed height of 0.18 m. 
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Basis of Experimental Investigation 

The mechanism of volatiles combustion has not been determined for coal 

combustion. It is not known whether combustion occurs in the bubble phase or the 

particulate phase of a fluidized bed Ambustor. The bed material can have an inhibiting 

effect on the rate of combustion, and the inhibition is a fbnction of temperature within the 

bed. Previous experiments have demonstrated that in order to bum volatiles within a 

bubbling bed, bed temperatures above 850°C must be employed. 

- Sadilov and Baskakov (1973) concluded that gas burns within the bubble phase, but 

were not able to make conclusions about gas combustion in the particulate phase. They 

measured the fiequency and amplitude of temperature fluctuations at the bed surface using a 

high speed micro-thermocouple. Sadilov and Baskakov (1973) also concluded that the 

bubble phase combustion near the surface of the bed occurred between 267" and 1070°C 

for premixed air and natural gas. 

Dennis et aZ(l982) predicted the minimum bubble size for which gas combustion 

could occur within the bubbles for a given bubble temperature. They postulated that 

inhibition is caused by fiee radical quenching at the surface or "wall" of the bubble, created 

by the sand of the particulate phase. Since the surface area per unit volume of the bubble 

decreases with bubble size, these investigators postulated that the bubble will grow to a 

critical size at which the gas mixture will ignite. The model of Dennis et a1 (1982) predicted 

that for combustion to occur in the particulate phase, the bed temperature must be greater 

than 1000°C. 

As discussed in the literature review, van der Vaart (1988a,b) studied bubbling 

fluidized beds involving non-catalytic gas-phase reactions to determine if volatiles bum 

entirely within the bubbling fluidized bed and when overboard burning occurs. He observed 

a sudden conversion of fie1 in the freeboard below the critical temperature and a more 

steady reaction above the critical temperature, at which combustion occurs in the bed. 
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Below a bed temperature of 750°C, oxygen is totally consumed at the surface, while above 

85OoC, the oxygen concentration decreased 4 t h  increasing distance fiom the distributor. 

Since both phases were sampled within the bed, it was not known whether combustion 

occurred within the particulate phase or the bubble phase. 

Research as well as an applied knowledge of fluidized beds has allowed the 

following observations: The velocity required for minimum fluidization decreases as the 

bed particle diameter decreases; As U,,fdecreases, the residence time of gas in the 

particulate phase increases. In a bubbling bed, the mass transfkr coefficient between the 

bubble and the emulsion phase decreases with decreasing particle size. This implies that the 

rate of transfer of gas fiom the bubble to the particulate phase decreases with decreasing 

particle size. Thus, as you decrease the particle size, the propandair mixture has a higher 

residence time in both the bubble and emulsion phase. This should lead to a greater 

possibility of ignition. Van der Vaart's experiments (1988a) do not isolate the effect of 

surfaces on ignition, since there are too many experimental degrees of freedom. 

The effect of bed particle size was given by Van der Vaart (1988a) for a given 

excess fluidizing velocity. Above the critical temperature combustion occurred in a stable 

fashion within the bed, and below the critical temperature a sudden conversion of fuel was 

measured in the freeboard. The critical temperature for a fluidized bed operated in the 

range of excess fluidization velocity of 20-30 c d s  decreased &th decreasing particle size, 

while only a slight increase in critical temperature was seen with increase in excess 

fluidization velocity. This occurs because as you decrease particle size then you also 

decrease Umf. If you are holding U-Umf constant, then a the bubble size and velocity 

remain constant, but the residence time of gas in the particulate phase increases due to the 

decrease in Umf. Thus a longer time is available.for the free radical pool to grow and cause 

ignition. This could be a possible explanation for the effect observed by Van der Vaart. 

According to Van der Vaart (1 988a), conversion of propane/air mixtures must still occur 
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even though mass or heat transfer effects of the bed play a role in limiting in-bed reactions. 

Sufficiently long residence time of the gas in the bubble can result in a high conversion of 

propane into products. 

Hesketh and Davidson (1991) presented experimental evidence that the particulate 

phase of a fluidized bed inhibits the combustion of hydrocarbons. Temperature and gas 

concentration experiments were conducted using 0.41 mm sand to determine the 

temperature at which volatiles begin to bum within the particulate phase of a bubbling 

fluidized bed. The particulate phase of such a bed was approximated by operating a 

fluidized bed at incipient fluidization, thus eliminating the bubble phase from the bed. Gas 

concentration measurements were made from products of both premixed propandair and 

methandair mixtures. The critical temperatures above which combustion products were 

observed in the particulate phase was an average bed temperature of 740°C for propane a 

residence time of 1 s; below the critical temperature for each fUeVair mixture, combustion 

was negligible. 

Results 

The main objective of this research is to show the effect of sand on the combustion 

of volatiles from coal. Propane is used as a model compound for volatiles released from 

coal. The inhibition of the oxidation of propane by the sand will predict a greater likelihood 

of combustion taking place in the bubble phase than in the dense phase of the bed. Previous 

research has shown that combustion of volatiles will take place in the bubble phase, but is 

inhibited in the particulate phase. Operating the fluidized bed at minimum fluidization 

velocity leads to conditions in which no bubbles are present and the rate of heat transfer is 

low compared to in the bubbling bed. 

The experiments used a constant flow of air and a range of temperatures from 600" 

to over 900°C. The air flow rate used is the flow rate required for minimum fluidization at 
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a temperature in the middle of the range used in the experiments so that at low 

temperatures, the bed is similar to a packed bed and at higher temperatures, the velocity in 

the bed is greater than that required for minimum fluidization. Values of U-Umffor a 

stoichiometric propane/air mixture are given in Table 3, and calculations for the velocity are 

discussed later in this section. 
Table 3 

Values of U-Ud for a stoichiometric mixture of propane and air (4 = l.O), 
do= 0.531 mm. 

Tf (“C) Tavg (“C) U-Ud (U-U&/Ud * 100 I I I W s )  I 
-0.027 -28.42 

-0.022 -25.29 

650 634 -0.016 -19.51 
-0.009 -1 1.39 

0.007 10.15 

710 75 6 0.01 1 16.67 

The contents of this section include the results of the experiments. Specifically, the 

following items are discussed: 1) Temperature profiles of each sand size. 2) Concentration 

profiles of the 0.53 1 mm sand. 3) Concentration profiles of the 0.126 mm sand. 4) 

Comparison of the concentration profiles between the two sands. 5) Concentration profiles 

of the smaller sand size (0.126 mm) with samples taken 6 cm fkom the distributor. 

Temperature Profiles 

Temperature readings were taken at the wall and.the core and measured as a 

fhction of vertical distance above the distributor plate. The axial temperatures were 

measured fiom z = O’(at the distributor) to z = 72 cm using increments of 6 cm. The core 

temperature was measured with a thermocouple attached-to the probe, which was located at 

the center of the reactor. The core and wall temperature measurements are obtained at a 

radial position of r = 1.45 k 0.5 cm and r = 4.45 k 0.5 cm, respectively. 
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Figure 10 shows the difference of the temperature profiles of the bed between no 

cooling water flowing through the probe (lines with symbols in the figure) and a cooling 

water flow rate of 750 d / m h  through the probe. Figure 10 shows that a constant 

temperature was obtained fiom 20 to 60 cm fiom the distributor without the cooling water 

flowing through the probe. The gas samples were collected with the probe located 54 cm 

fiom the distributor based on the constant temperature from 20 to 60 cm fiom the 

distributor. Figure 10 shows the temperature profile of the bed (lines without symbols) 

using a cooling water flow rate of 750 mL/min. Comparison of the temperature profiles of 

Figure 10 shows the effect of the cooling water on the temperature profile of the bed. The 

temperature profile with cooling water flowing through the prdbe is about 100°C higher 

than without cooling water at the distributor. As the distance fiom the distributor increases, 

the difference in the temperature of the bed between cooling water and no cooling water 

flowing through the probe decreases. The temperature of the bed with cooling water 

Tw cw 

Tc cw 
- 

Tw 

Tc 
+ 

.... . 

200 ' I I I _ _  - 
0 20 40 60 80 

Distance from distributor (cm) 

3gure 10 Walland core temperature profile, using air only as the fluidizing gas. The fbmace 
emperature is 600" C and the sand particle diameter is 0.53 1 mm. The sampling probe cooling 
vater temperature profile is represented using lines only and denoted by 'cw'. 

flowing through the probe drops dramatically 50 cm fiom the distributor with the probe 
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located 54 cm fiom the distributor. The cooling water flow rate was kept constant 

throughout the experiments. 

Tf("C) I Tc max(OC) 

Tables 4 through 6 contain values of temperature, velokity, and residence time for 

the three equivalence ratios studied using a sand size of 0.53 1 mm. Tables 7 and 8 contain 

temperature, velocities, and residence times for the two equivalence ratios studied using a 

sand size of 0.126 mm. The core temperatures are shown in Tables 4 through 8. The wall 

temperatures are not given in the tables, but differed by less than 5% at each 6 cm interval 

and the average wall temperature and average core temperature differed by less than 1%. 

The maximum velocities and residence times in Tables 4 through 8 were calculated using 

the maximum core temperature for the given furnace temperature. The velocities in Tables 

4 through 8 were calculated using the temperatures at the location of the sample (54 cm 

above the distributor). The z values were calculated using the temperature measured at 6 

cm intervals to obtain a time between the 6 cm intervals and then summing the times over 

54 cm. 

Tavg("C) U ( d s )  I 7 (SI 

680 

700 

720 

740 

600 

73 2 634 0.070 2.92 

774 695 0.076 2.73 

798 715 0.077 2.67 

854 753 0.075 2.57 

I 634 I 5 5 9  I 0.068 I 3.18 

62.5 I 669 I 588 I 0.065 I 3.08 

650 I 718 I 620 I 0.066 I 2.98 
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Table 

Tf ("C) 
600 

650 

675 

700 

725 

740 

5: 

Tc max("C) Tavg ("C) U ( d s )  . 
645 568 0.065 

706 622 0.072 

726 64 1 0.072 

762 676 0.073 

784 699 0.077 

815 716 0.076 

and air (4 = 

675 

700 

710 

720 

73 0 

7 15 656 0.0092 22.78 

74 1 679 0.0094 22.22 

75 1 688 . 0.0094 22.03 

759 697 0.0094 21.82 

769 704 0.0092 21.69 

750 79 1 726 0.0099 21.16 

Velocities and residence times for fuel.rich. mixture of propane 
2.0), Sand size: 0.531 mm. 

Tf (OC) I Tc max("C) I Tavg ("C) I U ( d s )  

Velocities and residence times for fuel.rich. mixture of propane 
2.0), Sand size: 0.531 mm. 

I 

I 600 I639 I539 I 0.053 

580 
~ 

0.060 ' 2.99 I 625 678 

650 ', 738 

675 868 

700 894 

710 970 

~ 

634 0.071 

0.073 

0.080 

694 

705 

756 0.081 
I 

Table 6: Velocities and residence times for fuel lean mixture of propane and air (4 = 
0.5), Sand size: 0.531 mm. 

7 6) 
3.21 

3.02 

2.95 

2.85 

2.78 

2.73 

I750 I823 I 730 I 0.079 2.70 

I760 I897 I747 I 0.078 2.65 
~ ~~ ~ 

Table 7: 'Velocities and residence times for stoichiometric mixture of propane and air 
(4 = l.O), Sand size: 0.126 mm. 

600 I633 I573 I 0.0084 I 25.00 I 
625 I662 I601  I 0.0084 I 24.22 I 
650 I 694 I 637 I 0.0086 I 23.23 I 
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Table 8: Velocities and residence times for fuel rich mixture of propane and air (4 = 
2.0), Sand size: 0.126 mm, Sample height: 0.54 m. 

650 

675 

690 

720 

I Tf("C) I Tcmax("C) I TavgpC) I U(m/s) I ~ ( s )  I 

713 637 0.0090 22.26 

720 65 1 0.009 1 21.96 

733 670 0.0095 21.49 

754 698 0.0099 20.89 

I 5 5 0  I580  I 522 I 0.0072 I 25.54 I 
I600 I 638  I582  I 0.0089 I 23.68 I 
I625  I 675  I 608 I 0.0088 I 22.98 I 

Table 9 shows the temperatures for each sand size with air only flowing through the 

bed. The average bed temperatures are lower for the larger sand size up to a hmace 

temperature of 700°C, where the average bed temperatures between the sand sizes is about 

the same. Above a hrnace temperature of 700°C, the average bed temperature for the 

larger sand size is higher than the average bed temperature of the smaller sand size. The 

maximum core temperatures are greater for the 0.53 1 mm sand than the 0.126 mm sand. 

Table 9: Temperatures for each sand size with air only flowing through the bed. 
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Concentrations 

Three samples were collected for each experimental run and the composition for 

each sample was averaged to obtain the compositions illustrated in the figures. All of the 

concentrations shown in the following figures are presented on a dry gas basis. The oxygen 

material balance was obtained by assuming the difference between the oxygen measured in 

the sample and the oxygen going into the system is H20. The hydrogen material balance 

could not be obtained since H2 and H20 were not measured. However, with the 

assumption used in the oxygen balance, the amount of H2 could be obtained by assuming 

the difference between the hydrogen going into the system and the hydrogen measured in 

the sample plus the value of H20 determined from the oxygen balance is Hz 

Concentration Profiles of the 0.531 mm Sand 

The gas phase concentrations are shown as a function of average bed temperature in 

Figures 11, 12, and 13 for the 0.53 1 mm sand size. Figure 1 1 illustrates the gas 

concentrations using a stoichiometric amount of propane (4%), where 4 = 1.0. Figure 12 

shows gas concentrations for a fuel rich scenario: the propane comprises 8% of the mixture 

introduced into the reactor and 4 = 2.0. The fuel lean case is illustrated in Figure 13: 

propane comprises 2% of the mixture. 

Figure 11 shows a sharp change in carbon dioxide concentration starting at an 

average bed temperature of 715' C. For the stoichiometric case, the most abundant 

product of complete combustion is carbon dioxide. Also at this temperature, the 

concentration of oxygen decreases dramatically, while the amount of carbon monoxide 

shows a slight decrease. The amount of carbon monoxide at 715" C and above is about4% 

of the total components sampled. Some oxygen remains at an average bed temperature of 

740" C (about 4%), but the only products remaining are CO and C02. The average bed 

temperature at which ethylene reaches its maximumconcentration of 1.40 vol.% is also 715 



" C. The maximum concentration of propylene occurs at an average bed temperature of 

695' C and is 0.52 vol.%. 

A dramatic change in the slope of the carbon monoxide concentration curve is 

observed in Figure 12 to occur at a &mace temperature of 675" C. The amount of carbon 

monoxide comprises the highest concentration of the products, as opposed to carbon 

dioxide for the $=l and 4=0.5 cases, due to an insufficient amount of oxygen for the case of 

a fuel rich mixture. As seen in Figure 12, little reaction occurs below an average bed 

temperature of 600" C. Between average bed temperatures of 694 and 705" C, the oxygen 

concentration shows a rapid decrease, and the CO2 concentration increases from 0.95% to 

3.68%, its most significant increase over the range of temperatures. The concentration of 

propylene reaches its maximum of 1.22% at an average bed temperature of 694' C. 

Ethylene obtains its maximum amount at the same average bed temperature as propylene, 

but its concentration remains constant at 1.8% as the average bed temperature is increased 

to 705' C. Above 705O Cy ethylene concentration goes to zero while the concentration of 

methane increases to over 3.98%. 

The rapid change in concentration of carbon dioxide and oxygen is observed to 

occur at an average bed temperature of 699' C for the &el lean case in Figure 13. Carbon 

monoxide concentration reaches its maximum at 716" C, then decreases to zero above this 

temperature. Other products of incomplete combustion, ethylene and propylene, reach their 

maximum concentrations at or below 699' C. Methane was not measured in the samples 

collected for the fuel lean case. The maximum concentration of ethylene is 0.87 vol.% and 

occurs at an average bed temperature of 699' C .  The maximum concentration of propylene 

is 0.41 vol.% and occurs at an average bed temperature of 676" C. 
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Table 10 is a comparison of Table 10: Maximum concentrations of 

concentrations as a function of 6. The 

maximum concentrations of products of 

incomplete combustion increase as the 

initial fuel concentration is increased. 

The maximum concentration of 

ethylene and propylene with increasing 
equivalence ratio, Sand size: 0.531 mm. 

Maxvol% 4 = O S  4 = 1.0 +=2.0 

c2% 0.87 1.40 1.82 

c3Hg 0.41 0.52 1.22 

C3H8 (avg) 2.15 4.03 7.66 

a fuel lean mixture to a stoichiometric mixture, and the maximum concentration is over 

twice the amount of the stoichiomerric case for the fuel rich case. The increase in ethylene 

maximum concentration with increasing equivalence ratio is more steady. As the 

equivalence ratio is increased from o = 0.5 to (b = 1 .O, the maximum concentration of 

ethylene increases by 0.53 voI.%. Upon further increase of the equivalence ratio &om I$ = 

1.0 to 4 = 2.0, the maximum concentration of ethylene increases by 0.62 vol.%. 

Table 11 shows the 

critical core temperatures for 

each initial fuel concentration 

with a sand particle diameter of 

0.53 1 mm. The point at which 

combustion takes place is 

defined in this thesis by the 

change in slope of both the 

Table 11: Critical temperatures for 0.531 mm sand. 

carbon dioxide concentration and the carbon monoxide concentration and by the change 

from positive to negative slope of the products of incomplete combustion @ICs) 

concentration. The critical temperature below which combustion is negligible for the 
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stoichiometric case is an average bed temperature of 715OC. This corresponds to a furnace 

temperature of 720" C, and a maximum core temperature of 798" C. The critical 

temperature for the fuel rich case corresponds to a maximum core temperature of 868" C, 

and for the fuel lean case a maximum core temperature of 795" C. These results show that 

combustion is being inhibited at average bed temperatures less than 715°C for the 

stoichiometric case, less than 695OC for the fuel rich case, and Iess than 699OC for the fuel 

lean case. 

I 

Average Bed Terqmrature (C) 
I 

co2 
-8- 
C3H8 ..B. 
02 
-0 
co - .) . 

Average Eed Temperature (C) 

Figure 13 : Products fiom fuel lean propane-air reaction versus average bed temperature 
sampled 0.54 m above the distributor. (f, = 0.5. Sand particle size weighted average of 
0.531 mm. 

Figure 14 shows the effect of increasing the initial propane concentration on the 

disappearance of propane. The concentration of propane for eBch case was normalized to 

compare the three equivalence ratios. The lines of each equivalence ratio cross the others, 
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and Figure 14 shows no dependence of temperature on the equivalence ratio for the 

disappearance of fuel. 

Bed temperatures increased with equivalence ratio at bed temperatures low enough 

that little reaction takes place, so the increase in bed temperature with equivalence ratio is 

not caused by the heat of combustion. This is an effect of increasing gas velocity through 

the bed. With increasing equivalence ratio and increasing bed temperature, inhibition of 

combustion by the dense phase decreases. At higher temperatures, heat or mass transfer to 

the bed material is no longer inhibiting the reaction to the extent of lower bed temperatures. 

Work by Hesketh and Davidson (26) showed that in an incipiently fluidized bed, the 

combustion inhibition was not caused by high heat transfer rates, since the rate of heat 

transfer in an incipiently fluidized bed is very low. 

1 

c 
0 .- 
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Q) 
0 c s 0.6 
a> c m a 

0.4 
-0 .- w 
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Phk0.5 
-a- 

Phi=l .O 
-t- 

P hi=2 .O 
-c 

0 '  I I I I1 L. 
500 550 600 650 700 750 800 

Average Bed Temperature ('C) 

'igure 14 : Comparison of &mace temperatures required for the disappearance of he1 for 
1.53 1 mm sand size. 
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and Figure 14 shows no dependence of temperature on the equivalence ratio for the 

disappearance of fiel. 
. .  

Bed temperatures increased with equi.valence ratio at bed temperatures low enough 

that little reaction takes place, so the increase in bed temperature with equivalence ratio is 

not caused by the heat of combustion. This is an effect of increasing gas &city through 

the bed. With increasing equivalence ratio and increasing bed temperature, inhibition of 

combustion by the dense phase decreases. At higher temperatures, heat or mass transfer to 

the bed material is no longer inhibiting the reaction to the extent of lower bed temperatures. 

Work by Hesketh and Davidson (26) showed that in an incipientIy fluidized bed, the 

combustion inhibition was not caused by high heat transfer rates, since the rate of heat 

transfer in an incipiently fluidized bed is very low. 

Average Bed Temperature (*C) 

"hi=0.5 
-m- 

Phi=l .O 
-t- 

P hi=2.0 
---c 

Figure 14 : Comparison of firnace temperatures required for the disappearance of fuel for I 0.53 1 mm sand size. 
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Concentration Profiles of the 0.126 mm Sand 

Gas phase concentrations are shown as a function of average bed temperature in 

Figure 16 and 15 with the sample taken at 0.54 m from the distributor for the 0.126 mm 

sand size. Figure 16 illustrates the gas concentrations using a stoichiometric amount of 

propane (4%), where 4 = 1.0. Figure 15 illustrates the gas concentrations using a fuel rich 

amount of propane (8%), where 4 = 2.0. 

Figure 16 shows the concentrations of components in a stoichiometric mixture of 

propane and air versus average bed temperature. The concentration of carbon dioxide 

increases linearly and is formed at average bed temperatures as low as 573°C. At the 

lowest average bed temperature, the product with the highest concentration is carbon 

dioxide. Carbon monoxide has a linear increase parallel to that of CO2 until an average bed 

temperature of 656°C at which point the concentration of CO remains constant as the 

temperature is increased. At average bed temperatures above 656"C, the propane is totally 

consumed. Figure 16 shows the concentration of propylene increasing to a maximum of 

0,375 vol% at an average bed temperature of 637"C, and by an average bed temperature of 

679"C, its concentration is zero. The ethylene species maximum is reached at an average 

bed temperature of 637°C. The concentration of methane is shown in Figure 16 to increase 

to a value of 0.88 vol% at an average bed temperature of 656°C. As the average bed 

temperature was increased to 679"C, methane was no longer obtained in the samples 

collected. The average bed temperature was increased to 687"C, and methane was again 

detected. The concentration of methane continues to increase to its maximum value of 0.98 

vol% at an average bed temperature of 697°C. The samphg was repeated in addition to 

the usual multiple sample collection at an average bed temperature of 680°C, with the same 

result: no methane measured (shown in Figure 16 ), as well, the concentration of other 

components reproduced. 
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Figure 15 shows the volume percent of components in the fuel rich mixture of 

propane and air versus average bed temperature sampled 54 cm from the distributor. Some 

products are formed at the lowest temperature sampled. The concentrations of propane and 

oxygenimmediately start to decrease as the average bed temperature is increased from 522 

to 582°C. The concentration of propane linearly decreases from an average bed 

temperature of 522°C until it reaches 0.23 vol% at an average bed temperature of 698°C. 

The concentration of oxygen decreases until an average bed temperature of 65 1"C, and 

once this temperature is obtained, the concentration of oxygen remains constant. The 

concentrations of carbon dioxide and carbon monoxide remain fairly constant above an 

average bed temperature of 651°C. Figure 15 shows the maximum concentration of 

propylene to be 0.74 vol.%. This maximum is reached at an average bed temperature of 

608°C and 670"C, and as the temperature is increased through the range of temperatures, 

the concentration of propylene remains practically constant. The concentration of ethylene 

linearly increases with increasing furnace temperature, as shown in Figure 15 . The 

maximum concentration of ethylene occurs at an average bed temperature of 69SoC, the 

highest temperature sampled. The concentration of methane increases parabolically to its 

maximum concentration of 2.74 ~01%. 

An increase in the maximum concentration of products of incomplete combustion is 

shown in Table 12 with an increase in equivalence ratio. The maximum concentrations of 

ethylene and propylene increase as the equivalence ratio is increased. The maximum 

concentration of ethylene is increased by more than two and a half times when increasing 

the initial fuel concentration from 4 = 1.0 to 4, = 2.0. The increase in maximum propylene 

concentration is slightly less than twice as great when increasing the initial fuel 

concentration from 4:= 1.0 to 4, = 2.0. 
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Maxvol% 

c2Hq 

c3Hg 

Table 13 shows the critical core temperatures for each initial he1 concentration with 

a sand particle diameter of 0.126 mm. The critical temperature for the stoichiometric case 

is the range of temperatures fi-om the lowest temperature that the CO concentration remains 

constant to the next temperature higher than the temperature at which the maximum 

concentration of methane occurs. This corresponds to a fimace temperature of 73O”C, and 

a maximum core temperature of 769°C. The critical temperaare for the &el rich case, 

shown in Figure I 5  , corresponds to the minimum temperature at which the concentrations 

of carbon dioxide, carbon monoxide, and oxygen remain constant. These results show that 

combustion is being inhibited at average bed temperatures less than 656°C for the 

stoichiometric case, and less than 65 1°C for the &el rich case. 

4 =  1.0 4 = 2.0 

0.67 1.83 

0.38 0.74 

4 
1.0. 

I 2.0 1675-690 1720-733 I 651-670 

T critical (“C) 

T hrnace (“C) T max (“C) T avg (“C) 

675-73 0 715-769 656-703 

Comparison of the Concentration ProfiIes Between the Two Sands 

As shown in Figure 16, the concentration of ethylene reaches a maximum of about 

0.65 voI% at a &mace temperature of 650°C for a sand particle size of 0.126 mm. The 

maximum volume percent of propylene for the smaller sand occurs at the same firnace 
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temperature with a value ofjust under 0.4%. Figure 11 shows the maximum concentration 

of ethylene of digfrtly above 1.4 vol% occurring at a firnace temperature of 720°C for a 

sand particle size of 0.53 1 mm. The maximum concentration of propylene for the larger 

sand occurs at a fimace temperature 20°C lower than the ethylene maximum, and its value 

exceeds 0.5 ~01%. The maximum volume percent of ethylene is over twice as great for the 

larger sand size than the smallei sand for the stoichiometric case. 

A slight decrease is seen in maximum propylene concentration when comparing the 

two sand sizes depicted in Figures 12 and 15. The maximum concentration of ethylene for 

the fie1 rich case of the smaller sand size is just under 2 vol.%, and is about the same for the 

larger sand size. An increase in maximum ethylene concentration is observed with an 

increase in equivalence ratio. The concentration of methane shown in Figure 15 follows the 

same trend as in Figure 12 . However, the methane concentration reaches about 2.75 vol.% 

using the smaller sand, and for the larger sand the concentration exceeds 4 vol.%. The 

cause of the decrease in PIC'S could be due to the difference in the sand sizes. The larger 

particles and lower surface area could allow for greater amounts of products of incomplete 

combustion to stabilize before combustion occurs. From the results of samples taken at the 

same location in the bed between the two sand sizes, the concentrations of products of 

incomplete combustion decrease at a lower temperature for the smaller sand size. 

The residence t&e of the mixture in the bed of 0.126 mm sand (22 s) is about one order of 

magnitude greater than the residence time in the bed of 0.53 1 mm sand (2.4 s). 

I 

The point at which combustion takes place is defined previously in this thesis by the 

change in slope of both the carbon dioxide concentration and the carbon monoxide 

concentration and by the change fiom positive to negative slope of the products of 

incomplete combustion @ICs) concentration. In comparison of the two sand sizes, 

neglecting the effect of the residence time, the inhibition of the sand has less effect on the 

combustion in the case of the smaller sand size. This is evident by the lower temperature at 
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which the PICs concentration curves reach a maximum in a plot of concentration versus 

temperature for the smaller sand size (0.126 mm). Also, above this temperature the 

concentration of carbon monoxide remains approximately constant while the carbon dioxide 

concentration continues to increase and the concentration of PICs decrease. The samples 

were taken from the same location in the bed, making the residence time for the smaller 

sand size about one order of magnitude longer. In order to achieve equivalent residence 

times between the sand sizes, the samples were taken at a location closer to the distributor 

for the smaller sand size because of the low flow rate required for minimum fluidization. 

Concentration Profiles (0.126 mm sand) Sampled 6 cm from the Distributor 

Figure 17 shows the gas concentration as a function of average core temperature 

with the samples taken fiom a height of 0.06 m above the distributor. Experiments were 

conducted at this height in order to compare equivalent residence times between the two 

sand sizes. In .order to achieve the high temperature required for combustion at that 

location, the temperature of the windbox (5OO0C) is at a high enough leveI for reaction to 

occur before the gases enter the bed. The computer modeling completed for this location, 

which assumes no reaction prior to the distributor, shows that products of reaction are too 

few to measure at anaverage bed temperature of 525OC, contrary to the experimental 

results illustrated in Figure 17 . 

The inhibition effect of the sand is still evident as illustrated in Figure 17. At an 

average bed temperature of 4OO0C, no products are formed. The concentrations of oxygen 

and propane decrease slightly until an average bed temperature of 505"C, while above this 

temperature, these concentrations decrease rapidly. The*concentration of carbon dioxide 

increases drastically above an average bed temperature of 505°C. The ceramic balls used in 

the windbox for mixing purposes may have a catalytic effect on the reaction taking place 

there. A significantly lower amount of products of incomplete combustion are observed in 

the samples taken 6 cm fiom the distributor than in the samples taken at 54 cm. 
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20 

gure 17: Products tiom stoichiometric propane-air reaction sampled at 0.06 m above the 
istributor. 4 = 1.0. Sand particle size weighted average of 0.126 mm. 
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Analysis of Results Using Detailed Chemical Kinetics 

The chemical species emitted when coal is pyrolysized in an inert gas range fiom 

low molecular weight gases to higher molecular weight hydrocarbons which are liquid at 

room temperature. Westbrook and Dryer (1 984) suggest that the reaction mechanism of 

high molecular weight hydrocarbons should be based on a hierarchical sequence of reaction 

mechanisms of simpler molecules. The H2-02 system forms the base of the hierarchy in the 

sequence of reactions for the low molecular weight hydrocarbons. Equations are added 

corresponding to each new species added to the system. For the propane-02 system, the 

following species and corresponding reaction kinetics are included: CO, CH4, Cz species 

and C3 species. The reaction mechanism for propane can be formulated by adding together 

the submechanisms of H2, COY CH4, CH30H, C2 hydrocarbons and C3 free radicals. 

Assuming the hierarchical structure of Westbrook and Dryer (1984), the high molecular 

weight species contained in the volatile matter must first pyrolyze and break down to lower 

molecular weight compounds before being oxidized. Consequently, the combustion 

behavior of high molecular weight compounds can be approximated by a low molecular 

weight hydrocarbon such as propane. 

The free radicals H, 0, and OH are significant in the initiation of combustion since 

they are involved in the chain branching reactions: 
2 

H + 0 2  3 0 + OH 

0 f Hz + H+ OH 

H+H02 +20H 

0 + H20 -+ 20H 

These chain branching reactions produce two fiee radicals per reaction. If the rate of 

production of fiee radicals is much larger than the rate of destruction of free radicals then 

an explosive reaction will occur. Estimates of the rate of destruction of free radicals can be 

made from the kinetic theory of gases. This theory predicts the rate of collisions with a 
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surface, but it does not predict the probability that the free radical will stick to the surface 

and react with an adsorbed species to form a stable species. The fiaction of collisions that 

destroy a free radical, e; is dependent on the surface. Values of e for various surfaces are 

given by Lewis and von Elbe (1987). 

A detailed chemical kinetic mechanism @CKM) is used to predict gas phase 

reactions within an empty tube. The mechanism is based on the hydrocarbon DCKM for 

propane given by Westbrook and Dryer (1984). The propane mechanism consists of 493 

elementary reactions, four unimolecular fall-off reactions, and 9 1 species. The computer 

programs used for the modeling were obtained from Sandia National Laboratories and 

consist of SENKIN and CHEMKIN-II. The detailed chemical'kinetics mechanism enables 

the modeling of homogeneous reactions. A plug flow assumption is employed by the 

model. The energy balance was not used in the model. Instead, the experimental 

temperature profile was used to fit the data. The experimental temperature profiles were 

converted to polynomial equations using the regression tool in-lotus 1-2-3 with time as the 

independent variable. 

This model will not predict the experimental data. It is a gas phase combustion 

model. The intention is not to have the model predict the experimental data. Since the 

experimental data involves both homogeneous and heterogeneous reactions, it follows that 

a homogeneous model will not predict the expenmental data. However, it is assumed that 

the shape of the concentration vs. time profiles will be identical. This is the assumption 

made: the data will fit a homogeneous combustion model if a time shift is added. This 

assumption is based on the results and conclusions of Wdk et aZ(1986). Even though an 

inhibition effect was observed, they stated that a "comparison of the reaction products from 

vessels with different surfbe-to-volume ratios showed there to be no significant effect of 

surface on the main reactionpaths of the mechanism." 
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The difference between the model and the experimental data points: the model is a 

homogeneous plug flow model; the experimental data points are obtained in a bed of sand, 

which includes heterogeneous reactions with the surface of the sand. The data is presented 

only at one residence time. The model was run from 0 to 5 seconds for the larger sand and 

fiom 0 to 35 s for the smaller sand. The gas phase residence time was based on the 

measured temperature profile and the voidage in the bed. The analysis of the 0.53 1 mm 

sand is followed by analysis of the 0.126 mm sand. 

Analysis of 0.53 1 mm Sand 

Figure 18 gives the model prediction with experimental data points for a 

stoichiometric flow of propane in air and a &mace temperature of 600°C. The results of 

the DCKM shows negligible reaction taking place prior to one second. After about 1.5 

seconds, the concentrations of oxygen and propane decrease rapidly, forming the products 

of incomplete combustion along with HzO. The order of appeaance of chemical 

intermediates was 

based on the hydrocarbon DCKM for propane given by Westbrook and Dryer (1 984), the 

use of a hierarchical set of mechanism is realized. 

C2H4, H2, CH4, H20, CO and C02. Since the model used is 

The concentration of H2 reaches a maximum of about 2 vol.% at 2.2 seconds, after 

which it decreases to just over 1 vol.%. The model predicts the maximum concentration of 

ethylene ofjust over 0.8 vole% to occur at about 2 seconds. The concentration of 

propylene reaches its maximum of about 0.6 vol.% at 1.8 seconds. The concentrations of 

ethylene and propylene decrease to zero after reaching their maximum. The concentration 

of methane reaches its maximum of 0.7 vol.% at 2.1 seconds, and then it decreases to a 

steady value of 0.26 vol.%. The model predicts the formation and decline of products of 

incomplete combustion to occur about the same time that the major products, H20, CO, 

and C02, are increasing, After about 2.5 seconds, the concentrations of the major 
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products remain steady: 13 vol.% H20,8.3 vol.% COY and 2.7 vol.% C02. The 

concentration of propane is zero at 2.1 seconds, and the concentration of oxygen remains 

steady at 7.6 vol.%. The model predicts incomplete combustion at this temperature, as seen 

by the higher concentration of CO compared to COZ 

The difference in time between the homogeneous plug flow model and the 

experimental data points, which include heterogeneous surface reactions, make it necessary 

to shift the model due to the inhibition caused by the sand. The model must be shBed to fit 

the data points, and this shift is shown in Figure 19 for a stoichiometric mixture at a firnace 

temperature of 60OoC. The model was shifted to the right 1.9 seconds, and in so doing, the 

experimental point for propane f d s  on the line predicted by the model. This is evidence 

that sand is inhibiting the combustion of propane. The experimental oxygen concentration 

is on the model prediction line, and the experimental concentrations of CO and COz are 

about zero as is the model. The experimental concentration of propylene falls on the line 

predicted by the model after the shift. The model predicts a small amount of ethylene at this 

point, compared to zero ethylene determined experimentally. The error in determining the 

gas residence time for the experiments is M. 14 seconds. 
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Figure 18: Model and experimental data points for stoichiometric propane in air (k1) at a furnace 
temperature of 600OC. S h d  size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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The model is shown with experimental data for a stoichiometric mixture at a furnace 

temperature of 680°C in Figure 20. The model behaves in much the same way as for a 

fbrnace temperature of 600°C. The differences include a reduced time for the minor 

products to form andodecline: this occurs prior to 1.5 seconds'for a hrnace temperature of 

680°C compared to 2.5 seconds for a hrnace temperature of 600°C. Also, the 

concentration of carbon monoxide reaches a maximum of about 8 vol.% at 1.2 seconds, 

after which it decreases to a steady value of 2.3 vol.%. The concentration of c.arbon 

dioxide increases to a maximum of 9 vol.%. The final concentration of C02 is higher than 

CO in comparison with a furnace temperature of 600°C due to the increase in temperature. 

The predicted concentrations of H20 and H2 are slightly higher for the higher furnace 

temperature. The error of determining the gas residence time for the experiments is M. 14 

sec, and since the time shift is based on the time of the experimental data, this is also the 

error in the time shift. 

The model must be shifted 2.2 seconds to match the data points for a hrnace 

temperature of 680°C. Figure 21 illustrates the good fit of the model with the experimental 

data points after the shift. The data points for oxygen, propane, carbon monoxide, ethylene, 

and propylene.al1 fall.on the limes predicted by the model. The concentration of carbon 

dioxide predicted by the model is slightly less than the experimental value. 
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temperature of 680°C. Sand size: 0.53 1 mm, Sample position: 54 cm ftom the distributor. 

czH4 

czH4 d¶ta 

WHE 

W E  data 

- 

t 

C3H8 

C3H8 data 

co 
co data 

c02 

C02 data 

- 
. 

-.-_- 
0 

..... _... 
02 data + 

TP 

Tdata * 
- 

"0  1 2 3 4 5 
(W 

7 

Figure 21: Model and experimental data points for stoichiometric propane in air (el) at a furnace 
temperature of 68OOC. The model is shifted +2.2 seconds to fit the data. Sand size: 0.531 mm, Sample 
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Figure 22 gives the model prediction for a fbrnace temperature of 740°C for 

stoichiometric propane in air. The model predicts all reaction to occur prior to 0.5 seconds 

due to the high’maximum temperature of the experiment; Figure 22 shows the results of the 

model with the experimental data points. Since the model predicts reaction to occur within 

0.4 seconds, the model must be shifted 2.6 seconds to fit the data. Figure 23 shows the 

result of the shift. The concentration of carbon dioxide predicted by the model is lower 

than the expeementd. value by 4%. In addition, the concentration of oxygen predicted by 

the model is higher than the value determined experimentally by 4%. A slight difference is 

seen in the value of carbon monoxide concentration from the model to the data. All other 

species concentrations: propane, ethylene, and propylene are zero according to the model 

and the data. 

47 

I 

I 



Figure 22: Model and experimental data points for stoichiometric propane in air (el) at a furnace 
temperature of 740°C. Sand size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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Figure 23: Model and experimental data points for stoichiometric propane in air (el) at a furnace 
temperature of 740OC. The model is shifted +2.6 seconds to fit the data. Sand size: 0.53 1 mm, Sample 
position: 54 cm from the distributor. 48 



Figures 24,26, and 28 give the model concentration profiles with experimental data 

points for a fuel rich mixture of propane and air ((~2) at furnace temperatures of 675, 700, 

and 710"C, respectively. As the furnace temperature is increased, the time at which the 

sudden change in concentration of major components (C~HS, C02, CO, and H20) occurs 

decreases. Since the furnace temperatures are relatively close, this time varies by less than 

one second fiom the 675°C case to the 710°C case. Little change occurs in the final 

concentrations of products predicted by the model with an increase in furnace temperature, 

although the products of incomplete combustion concentrations decrease slightly with an 

increase in furnace temperature. The model predicts the final concentrations of carbon 

monoxide to be greater than the final concentration of carbon dioxide, as would be expected 

for an insufficient amount of oxygen. 

The results of the shift of the model to match the data points are illustrated in 

Figures 25,27, and 29 for fuel rich propane in air at furnace temperatures of 675,700, and 

710"C, respectively. A trend can be seen by comparison of 25,27, and 29. As the furnace 

temperature is increased, the shift of the model required to fit the data decreases. Figure 25 

shows that with a shift of 2.2 seconds the model predicts the concentrations of oxygen, 

propane, carbon monoxide, ethylene, and propylene. The experimentally determined 

concentration of carbon dioxide is greater than that predicted by the model at this 

temperature. The model predicts a greater concentration of methane than the data for this 

temperature. The model must be shifted 1.9 seconds for a funiace temperature of 700"C, as 

shown in Figure 27. The model predicts the concentrations of the components as it did for 

a furnace temperature of 675°C: the model fits the data for all components except C02 and 

CHq. Figure 29 shows the 1.8 second shift in the mode1,for a furnace temperature of 710" 

C. In this case, the model predicts all component data points except for methane, which is 

under predicted by the model. 
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Figure 24: Model and experimental data points for fuel rich propane in air ( 4 ~ 2 )  at a furnace temperature of 
675OC. Sand size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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Figure 26: Model and experimental data points for fuel rich propane in air (4~2) at a furnace temperature 
of 700OC. Sand size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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Figure 28: Model and experimental data points for fuel rich propane in air (4~2)  at a furnace temperature of 
71OOC. Sand size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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Figures 30,32, and 34 illustrate the model with experimental.data points for a fuel 

lean mixture of propane and air at furnace temperatures of 600, 725, and 74OoC, 

respectively. As the furnace temperature is increased, the time at which the rapid change in 

concentration of major components occurs decreases. At 600°C, this rapid change starts at 

about 1.5 seconds, aqd as the temperature is increased, the change occurs about 0.5 

seconds sooner. The minor products.reach their maximum concentrations, according to the 

model, around 2 seconds for the 600°C furnace temperature. At the higher fbrnace 

temperatures, the minor products reach their maximum prior tg one second. 

The results of the shift of the model to match the data points are illustrated in 

Figures 3 1,33, and 35 for he1 lean propane in air at furnace temperatures of 600,725, and 

740"C, respectively. A trend can be seen by comparison of Figures 3 1,33, and 35. As the 

furnace temperature is increased, the shift of the model required to fit the data decreases. 

Figure 3 1 shows the model shifted 2.4 seconds, and the model predicts the concentrations 

determined from the data quite well. The experimental value of oxygen concentration is 

slightly lower than the model, but all other components fall on the line predicted by the 

model. Figure 33 shows the model shifted 2.3 seconds, and again the prediction of the 

model fits well with the data. The only component that does not fall on the model line is 

ethylene which the model under predicts by about 0.4 vol.%. Figure 35 shows the result of 

the shift in the'model for a furnace temperature of 740°C. A shift of 2.1 seconds allows all 

components of the data to lie on the lines predicted by the model. 
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Figure 30: Model and experimental data points for fuel lean propane in air (+=OS) at a furnace temperature of 
600OC. Sand size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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Figure 3 1: Model and experimental data points for fuel lean propane in air (44.5) at a furnace temperature of 
600OC. The model is shiffed +2.4 seconds to fit the data. Sand size: 0.53 1 mm, Sample position: 54 cm from 
the distributor. 
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Figure 32: Model and experimental data points for fuel lean propane in air (4F0.5) at a furnace temperature of 
725OC. Sand size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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Figure 33: Model and experimental data points for fuel lean propane in air (4F0.5) at a furnace temperature of 
725OC. The.model is shifted +2.3 seconds to fit the data. Sand size: 0.53 1 mm, Sample position: 54 cm from 
the distributor. 
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Figure 34: Model and experimental data points for fuel lean propane in air (44.5) at a furnace temperature 
of 740OC. Sand size: 0.53 1 mm, Sample position: 54 cm from the distributor. 
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Figure 35: Model and eqerimental data points for fuel lean propane in air (44.5) at a furnace temperature 
of 740OC. The model is shifted +2.1 seconds to fit the data. Sand size: 0.53 1 mm, Sample position: 54 cm 
from the distributor. 
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Analysis of 0.126 mm Sand 

Figure 36 gives the model prediction with experimental data points for a 

stoichiometric flow of propane in air and a fbrnace temperature of 650°C. The results of 

the DCKM shows an initial decline in the concentrations of propane and oxygen from 0 to 3 

s. During this time, the concentrations of methane, propylene, ethylene, and hydrogen 

increase to their maximum concentrations. After about 3 seconds, the concentrations of 

oxygen and propane decrease rapidly, the minor products decrease fiom their maximum 

concentrations, and H20, COY and C02 increase rapidly. The concentration of H2 reaches 

a maximum of about.l.3 vol.% at 3 seconds, after which it decreases to zero by 15 seconds. 

The model predicts the maximum concentration of ethylene of 0.6 vol.% to occur at about 4 

seconds. The concentration of propylene reaches its maximum of 0.66 vol.% at 3.5 

seconds. The concentrations of ethylene and propylene decrease to zero afler reaching their 

maximum. The concentration of methane reaches its maximum of 0.57 vol.% at 4 seconds, 

and then it decreases to zero. The model predicts the formation and decline of products of 

incomplete combustion to occur about the same time that the major products, H20, COY 

and C02, are increasing. The concentration of CO increases rapidly between 3 and 4 

seconds, then remains steady at 5.3 vol.% until about 6 seconds, when the concentration 

decreases to zero. After about 10 seconds, the concentrations of the major products remain 

steady: 15 vol.% H20 and 11 vol.% C02. The concentration of propane is zero at 7 

seconds, and the concentration of oxygen remains steady at about 1 vol.%. 

The difference in the homogeneous plug flow model and the experimental data 

points, which include heterogeneous, surface reactions, make it necessary to shift the model 

due to the inhibition caused by the sand. The model must be shifted to fit the data points, 

and this shift is shown in Figure 37 for a stoichiometric mixture at a fbrnace temperature of 

650°C. The model was shifted to the right 21 seconds, and in so doing, the experimental 

point for propane falls on the line predicted by the model. This is evidence that sand is 
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Figure 36: Model and experimental data points for stoichiometric propane in air ( e l )  at a furnace 
temperature of 65OOC. Sand size: 0.126 mm, Sample position: 54 cm from the distributor. 
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Figure 37: Model and experimental data points for stoichiometric propane in air (el) at a furnace 
temperature of 65OOC. The model is shifted +21 seconds to fit the data. Sand size: 0.126 mm, Sample 
position: 54 cm from the distributor. 
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inhibiting the combustion of propane. The experimental oxygen concentration is slightly 

less than that predicted by the model, and the experimental concentration of C02 is about 

four times greater than the model prediction. The experimental concentration of CO falls 

on the line predicted by the model. The experimental concentration of propylene falls on 

the line predicted by the model after the shift. The model predicts less ethylene and 

methane at this point, compared to slightly over 0.6 vol.% ethylene and methane determined 

experimentally. 

The model is shown with experimental data for a stoichiometric mixture at a furnace 

temperature of 720°C in Figure 38. The model behaves in much the same way as for a 

furnace temperature of 650°C. The differences include a reduced time for the minor 

products to form and decline: this occurs prior to 2.5 seconds for a furnace temperature of 

720°C compared to 4 seconds for a furnace temperature of 650°C. Also, the concentration 

of carbon monoxide reaches a maximum of 6.7 vol.% at 3.5 seconds, after which it 

decreases to zero by 10 seconds. The concentration of carbon dioxide increases to a 

maximum of 11.5 vol.%. The predicted concentration of H20 is slightly higher for the 

higher furnace temperature (15.4 vol.% compared to 15 vel.%). The concentration of H2 

reaches its maximum of 1.2 vol.% at 2 seconds, then declines and again increases to 0.23 

vol.%. 

The model must be shifted 20 seconds to match the data points for a fbplace 

temperature of 720°C. Figure 39 illustrates the fit, of the model in comparison with the 

experimental data points after the shift. The data points for oxygen, propane, carbon 

monoxide, ethylene, and propylene all fall on the limes predicted by the model. The 

concentrations of carbon dioxide and methane predicted by the model are less than the 

experimental ,value. 

I 
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Figure 38: Model and experimental data points for stoichiometric propane in air (F1)  at a furnace 
temperature of 720°C. Sand size: 0.126 mm, Sample position: 54 cm from the distributor. 
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Figures 40 and 42 give the model concentration profiles with experimental data 

points for a fbel rich mixture of propane and air ( 4 ~ 2 )  at fbrnace temperatures of 650 and 

72OoC, respectively. As the fbrnace temperature is increased, the time at which the sudden 

change in concentration of major components (C3H8, C02, COY and H20) occurs 

decreases. This time varies by about 2 seconds fiom the 650' C case to the 720' C case. 

Little change occurs in the final concentrations of products predicted by the model with an 

increase in krnace temperature, although the products of incomplete combustion 

concentrations decrease slightly with an increase in furnace temperature. The model 

predicts the final concentrations of carbon monoxide to be greater than the final 

concentration of carbon dioxide, as would be expected for an insufficient amount of 

oxygen. 
- 

The results of the shift of the model to match the data points are illustrated in 

Figures 41 and 43 for fbel rich propane in air at fbrnace temperatures of 650 and 720°C, 

respectively. Figure 41 shows that with a shift of 20.5 seconds the model predicts the 

concentrations of oxygen, propane, carbon monoxide, carbon dioxide, ethylene, and 

propylene. The model predicts a greater concentration of methane than the data for this 

temperature. The model must be shifted 20.5 seconds for a firnace temperature of 72OoC, 

as shown in Figure 43. The model predicts the concentrations of the components as it did 

for a fbrnace temperature of 650°C: the model fits the data for all components except 

C2H4 and CH4. Ethylene and methane are both under predicted by the model. 

61 



25 1,100 C3HB - 
- 1.000 

-900 3 
s 

- 8 0 0  

-700 F 
E 

- 600 

500 - 
40 

1." 

1.4 

1 2  

1 -  

0.8 

0.6 

0.4 

0 2  

Figure 40: Model and experimental data points for fuel rich propane in air (4~2) at a furnace temperature 
of 650OC. Sand size: 0.126 mm, Sample position: 54 cm from the distributor. 
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Figure 41: Model and experimental data points for fuel rich propane in air (4~2) at a furnace temperature 
of 650OC. The model is shifted +20.5 seconds to fit the data. Sand size: 0.126 mm, Sample position: 54 
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Figure 42: Model and experimental data points for fuel rich propane in air (4~2) at a furnace temperature of 
720°C. Sand size: 0.126 mm, Sample position: 54 cm from the distributor. 

Figure 43: Model and experimental data points for fuel rich propane in air (4~2) at a furnace temperature of 
720OC. The model is shifted +20.5 seconds to fit the data. Sand size: 0.126 mm, Sample position: 54 cm 
fiom the distributor. 

63 



Table 14 summarizes the results of comparing the model with experimental data for 

the 0.53 1 mm sand, and Table 15 shows those results for the 0.126 mm sand. The‘ results 

imply that, the sand is in fact inhibiting the combustion of propane, based on the time shift 

required to fit the model to the data. As discussed in previously, the critical temperature of 

the 0.53 1 mm sand for an equivalence ratio $=l, is 753°C. Using the same criteria to define 

combustion, the model shows combustion occurring prior to 0.5 seconds. The time shift 

illustrates the additional inhibition by the sand. 

Table 14: Time shifts for 0.531 mm hand. 

0 T firnace (“C) Average core 

Temperature (“C) 

12.0 I 700 

Time shift to the 
right (sec) 

1.0 

1 .o 
1 .o 
2.0 

600 

680 

740 

675 

559 

694 

705 

756 

568 

634 

2.2 

1.9 

1.8 

2.4 

753 

2.0 

0.5 

0.5 

0.5 

1 2.6 

710 

600 

725 

740 

Table 15: Time shifts for 0.126 mm Sand. 

T fbrnace (“C) Jm 
I 1.0 .I 650 

I 1.0 I 720 

12.0 I 650 

12.0 1 720 

Average core 

Temperature (“C) 

63 7 

697 

63 7 

698 

Time shift to the 

21 

20 

20.5 

20.5 
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The time shift data given in the tables above are summarazed h Figure 44. The time shifts 

of 20 seconds have a large uncertainity. It is not known whether the concentrations have 

stabilized at the measured values or if the values are slowly changing. More analysis and 

experimental results are required to elucidae the cause of the large time shift. The the 

average bed temperatures reported for the time shifts in Table 14 cover the range of critical 

temperatures for the 0.53 1 mm sand given previously. These results imply that the 

difference between the ignition delays of pure gas flows versus the ignition delays of gas 

flows in an incipiently fluidized bed are approximately 2 s. 

+=  1 
-c 

25 

0' I I I I I I 
500 550 600 650 700 750 800 

Average Core Temperature (C) 

Figure 44: Summary of Time Shift Data. Time shifts are calculated based on residence 
time of the model subtracted from the gas phase residence time of corrrespondmg chemical 
species concentrations. The open symbols are for 0.126 mm sand and the filled symbols are 
for 0.53 1 mm sand. 

Also for the 0.53 1 mm sand there appears to be no effect of equivalence ratio on the time 

shifts. Similarly for the 0.126 mm sand no effect on equivalence ratio is observed. These 

results parrGel the findings from the experimental CO2 concentration data for the 

0.53 1 mm particle size. In Figure 45 the change in the concentration of C02 occurs at 

approximately the same temperature again showing that no effect of stoichiometric ratio on 

ignition delay time in, an incipiently fluidized bed is present. 
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Figure 45: Mole percent of CO2 (Water Free Basis) fiom stoichiometric propane-air 
reaction in an incipiently fluidized bed sampled at 0.54 m above the distributor. Sand 
particle size weighted average of 0.53 1 mm. 
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Conclusions 

It has been shown that the particulate phase at incipient fluidization inhibits the 

combustion of propane by fiee radical destruction at the surface of sand particles within 

the particulate phase. The implications of these findings is that at bed temperatures 

lower than the critical temperatures given below, gas combustion can only occur in the 

bubble phase or at the top surface of a bubbling fluidized bed. In modeling fluidized bed 

combustion this inhibition by the particulate phase should be included. 

1). Combustion inhibition in an incipiently fluidized bed has been observed. The 

inhibition of combustion is a function of temperature, residence time and particle size. 

For 0.53 1 mm sand particles propane combustion is inhibited at average bed 

temperatures less than 695°C for a fuel rich mixture (4~2); 715°C for a stoichiometric 

mixture, and 699°C for a fuel lean mixture (@=OS). Combustion of propane was also 

inhibited using an average sand particle size of 0.126 mm. 

2). The furnace temperature required to convert propane to products increases as 

equivalence ratio is increased. In addition as the equivalence ratio increases, many of the 

products of incomplete combustion increase in concentration. Samples taken at the same 

location in the bed for different sand sizes show an increase in the concentrations of 

products of incomplete combustion with an increase in sand size. Finally, the products 

of incomplete combustion reach their respective maximum concentrations at a lower 

temperature for the smaller sand size. 



3) It appears that the presence of sand causes a 2 second increase in the ignition delay 

time for propane in air. This difference in ignition delay times was determined by 

comparing the experimental ignition delay time with the ignition delay time predicted 

from detailed chemical kinetics of propane combustion. I 

Future Work 

Experiments with 

the incipiently 

fluidized bed will 

be continued to 

examine the effect 

of particle surface 

area, fkeVair 

mixtures and 

surface types. This 

work will be a 

senior research 

project in chemical 

engineering and 

will be conducted 

by Christopher 

Wensperger. 

The revisions to 

the fluidized bed of 
iigure 46: Revised Fluidized Bed Apparatus 

+ 
b 
xd 

Robert Pendergrass. have been completed and a new process flow diagram is given 

below: 
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Particle Surface Area Experiments 
I . .  

Experiments on the effect of surface area on the combustion of propane will be 

0.015 
0.004 

0.213 

continued. A total of three particle size ranges will be examined. A complete set of data 

for one of these particle sizes has been completed. Two additional particle sizes will be 

... 1.60 
0.69 0.62 
0.3 1 0.00 

examined. In addition experiments will be conducted.with several particle sizes from 

sand with equivalent chemical compositions. 

Particle Type Experiments 
I 

Three types of particles will be examined. A fairly narrow particle size range will be 

chosen to minimize any sizehurface area discrepancies. A table with the material types 

and composition is included below. 

Table 16 
Typical Percent Mineral Content 

Si02 ' 

A1203 
CaC03Ka 
0 

Ti02 , 

MgO 

K20 I 

Na20 

L.O.I. 

I S.ilica Sand I Commercial Sand "Black Beauty" 
(Quartz Sand) I (Narrow size range) I (SandKoal Ash) 

99.105 190.00 I 47.20 

0.052 I 4.87 I 21.39 
0.154 I <2.20 I I 

0.386 I 0.42 I 19.23 

0.009 I ... I 1.01 
0.062 I 0.22 I 1.47 

L.O.I. - loss on ignition 
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The first material, pure quartz, will permit characterization of airhe1 mixture 

combustion in the dense phase in the near absence of any trace materials which act to 

catalyze the propane oxidation. The second material, a sand of the same approximate 

surface area as the silica sand, with a chemical composition which is at least 90% quartz 

(Si02) with smal1:amounts of other minerals, will be used to obtain reaction profiles. 

The third material, Trade Name, "Black Beauty", has a chemical composition consistent 

with the ash and sand mixture produced from coal burned in an industrial non-catalytic 

reactor. It is, in fact, actually obtained from combustion reactors. Therefore, the third 

set of experiments will explore the combustion characteristics in the late stages of reactor 

operation, when ash concentrations coating the bed material become sigmficant. 

It is expected that the silica sand should produce data on surface effects, independent of any 

catalysis due to trace minerals in the bed material, the sand sample should produce data on 

surface effects observed in the dense phase of a typical reactor, possibly with reaction 

catalysis due to the trace minerals. The sample of sandash should produce data on surface 

and catalytic ,effects observed in the late stages of combustion. 

The data from the three materials will be modeled using the CHEMKIN and SURFACE 

CHEMKIN software, also provided by Sandia National Laboratories (Coltrin, Kee, and 

Rupley, 1992). 
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