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1. BACKGROUND 

The development of a nuclear industry in the United States required mining, milling, and 
fabricating a large variety of uranium products. One of these products was purified uranium metal which 
was used in the Savannah River and Hanford Site reactors. Most of this feed material was produced at 
the United States Department of Energy (DOE) facility formerly called the Feed Materials Production 
Center at Fernald, Ohio. 

Current&, this facility is called the Femdd Environmental Management Project (FEMP) and is 
operated by the Fernald Environmental Restoration Management Corporation (FERMCO). The facility 
consists of 1,050 acres in a rural area that is 18 des northwest of Cincinnati, Ohio. The manufacturing 
processes were housed in a 136-acre fenced area and included uranium and thorium metal production 
and uranium hexafluoride reduction. Production peaked in 1960 with approximateIy 10,000 tons of 
uranium processed and began to decline in 1964 to a low of 1,230 tons in 1975. In the mid-1980~~ 
production increased slightly but was terminated in 1989 due to the lack of demand for uranium 
products. 

During operation of this facility, soils became contaminated with uranium from a variety of 
sources. The sources included deposition of airborne uranium particulates that came from facility stacks 
as well as leaks and spills of uranium-containing solvents and process effluents generated during 
nonaqueous extractiodtreatment processes. The exact quantity of soil contaminated with uranium is 
unknown. Some estimates of soil containing unacceptable levels of uranium are as high as 2 million 
cubic yards. To avoid disposal of these soils in low-level radioactive waste burial sites, increasing 
emphasis has been placed on the remediating soils contaminated with uranium and other radionuclides. 

To address remediation and management of uranium-contaminated soils at sites owned by DOE, 
the DOE Office of Technology Development (OTD) evaluates and compares the versatility, efficiency, 
and economics of various technologies that may be combined into systems designed to characterize and 
remediate uraniumanimhated soils. Each technology must be able to 1) characterize the uranium in 
soil, 2) decontaminate or remove uranium fi-om soil, 3) treat or dispose of resulting waste streams, 4) 
meet necessary state and federal regulations, and 5 )  meet performance assessment objectives. The role 
of the performance assessment objectives is to provide the information necessary to conduct evaluations 
of the technologies. These performance assessments provide the basis for selecting the optimum system 
for remediation of large areas contaminated with uranium. One of the performance assessment tasks is 
to address the economics of fidl-scale implementation of soil treatment technologies. The cost of treating 
contaminated soil is one of the criteria used in the decision-making process for selecting remedial 
alternatives. 

2. INTRODUCTION 

During the past 2 years, various studies have been directed throughout the DOE national 
laboratories, universities, and private industry to determine the best methods to remove uranium from 
uranium-taminad soils. The majority of these studies have been conducted in the laboratory at the 
bench-scale level, and results from these bench-scale studies have been extensively presented and 
published (Soil Decontamination Task Group 1993, Post and Wacks 1994). The original study focused 
on the following 7 soil treatment technologies: sodium carbonate soil washing system, sulfuric acid soil 
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washing systenl citric acid soil washing system, tiron soil washing system, heap leaching system, fungal 
leaching process, and aqueous biphasic extraction. 

During the summer of 1994, preliminary fixed capital investment (FCI) requirements were 
estimated for the 7 technologies based on bench-scale studies (ORNLRM-13004). Due to the stage of 
research, data used to develop the engineering flow diagrams and FCI requirements were preliminary and 
subject to revision after more bench-scale and pilot-scale studies had been completed. Upon completion 
of these studies and review of the 7 technologies, OTD determined that the following 4 treatment 
technologies would be the best candidates for potential full-scale implementation: carbonatehicarbonate 
vat extraction process (formally referred to as sodium carbonate soil washing system in the ORNLRM- 
13004 report), heap leaching system, tiron soil washing system, and the aqueous biphasic extraction 
process. In the fall of 1994, the original engineering diagrams for these 4 treatment technologies 
designed by Halliburton NUS were revised and optimized by personnel at Brown & Root, Inc. Based 
on discussions with the principal investigators of the treatment technologies, the processes were 
simplified, resulting in new chemical process equipment requirements and chemical consumptions for 
a potential full-scale treatment facility. In addition, OTD determined that the High Gradient Magnetic 
Separation (HGMS) technology should be studied for potential full-scale implementation. Subsequently, 
an engineering flow diagram and equipment list were developed by personnel at Brown & Root, Inc. 

The cost estimates for the treatment technology options were conducted in three steps. The first 
step is to estimate the fixed capital investment (FCI), which represents the initial capital expenditure 
required to design and construct the full-scale treatment facility to operational readiness. The FCI is a 
onetime project investment cost that occurs at the beginning of the project. A technical memorandum 
entitled, Fixed Capital Investments for the Uranium Soils Integrated Demonstration Soil Treatment 
Technologzes (ORNL/TM-13004) documented the fixed capital investment (FCI) requirements for the 
7 treatment technologies originally considered. The report contained a description of the method used 
to calculate the FCI estimates, a cost estimate of the equipment required for full-scale implementation 
of each treatment technology, as well as appendices containing the engineering flow diagrams and 
equipment lists developed by Halliburton NUS for each treatment technology. The second step is to 
develop estimates of the operational costs for each of the full-scale facility designs. Operational costs 
include costs for raw materials involved in processing, operating labor, supervisory labor, utilities, plant 
maintenance and repairs, and miscellaneous costs such as operating supplies, taxes, and insurance. 
Unlike FCI costs, operating costs are recurring throughout the life of the project. The third step is to 
estimate the life-cycle costs for each treatment technology option. The life-cycle costing approach 
involves projectmg the current and future cash flows for soil remediation by each treatment technology 
over the project life, based on the estimated quantity of contaminated soil at the Fernald site. Non- 
recurring costs Occwing in the first year include the FCI and start-up expenses. Thereafter, operational 
costs for a full-scale facility based on each treatment technology are projected into future cash flows 
using an assumed inflation rate. Total costs to build and operate the full-scale treatment facility were 
then summed over the life of the project and divided by the amount of soil to be processed to determine 
which treatment technology is the most cost effective based on their respective values for the treatment 
cost per ton of soil treated. 

The objective of this document is to describe the methods and results of the cost estimates for the 
final 5 soil treatment technologies based on full-scale implementation. These cost estimates are based 
on the “best engineering design” for each treatment technology determined by Brown & Root, Inc. 
personnel. As previously stated, Brown & Root, Inc. has optimized the engineering designs to 
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incorporate current knowledge of each treatment technology. A list of the chemical process equipment 
required for full-scale implementation of each treatment technology, as well as a cost estimate for this 
equipment, is provided in this report. In addition, cost estimates of the FCI requirements, operational 
costs, and life-cycle costs for a full-scale treatment facility based on each treatment technology are 
documented in this report. The FCI, startup expenses, operational, and life-cycle cost estimates are then 
utilized to determine the treatment cost per ton of soil treated, based on the estimated quantity of 
contaminated soil to be processed at the Fernald site. 

The cost estimates in this report are defined as study estimates. A study estimate is based on the 
knowledge of major items of equipment, with an accuracy of over plus or minus 30%. A preliminary 
estimate is based on suflicient data to permit the estimate to be budgeted, with an accuracy of within plus 
or minus 20% (peters and Timmerhaus 199 1). Because specifications and design requirements for the 
equipment, as well as the process, were preliminary, there is a large probability that the actual cost will 
be more than the estimated cost where information is incomplete or during inflationary periods. For such 
estimates, the positive spread is likely to be wider than the negative (Peters and Timmerhaus 1991). 
Therefore, the plus or minus 30% accuracy rate for our study estimate may in fact be +40% to -20%. 

Appendur A contains the engineering flow diagrams of the soil treatment technologies which were 
developed by personnel at Brown & Root, Inc. Appendix B provides a detailed cost breakdown of the 
chemical processing equipment required for full-scale implementation of each soil treatment technology 
alternative. A summary report was prepared by B r m  & Root, Inc. personnel and submitted to principal 
investigators of the treatment technologies, as well as other interested parties involved in the USID 
project. The report contains a detailed process description of each treatment technology, along with 
process design assumptions, engineering flow diagram, process equipment list, and a material mass 
balance sheet associated with each technology. With approval from the staff at Brown & Root, Inc., a 
copy of the report has been included in this document as Appendix C. 

3. FIXED CAPITAL INVESTMENT ASSUMPTIONS 

The FCI is the capital needed to supply the necessary manufacturing and plant facilities for an 
industrial operation or project. The FCI represents the initial capital expenditure required to construct 
a fiIll-scale treatment facility based on each of the proposed treatment technologies being demonstrated. 
A common method for estimating the FCI is to define it as a function of the purchased equipment costs 
with each component of the FCI estimated as a percentage of the equipment cost. The method of 
estimating the FCI by percentage of purchased equipment cost is commonly used for study and 
preliminary cost estimates. Table 1 presents a checklist of the items used to estimate the FCI for 
chemical processing plants, along with the range for each item as a percentage of the purchased 
equipment cost. The cost range for the FCI items shown in Table 1 are based on input from several 
studies developed by chemical processing cost estimators plus additional data and interpretations fiom 
other sources with experience in modem industrial design and construction (peters and Timmerhaus 
199 1). The FCI is the sum of the direct and indirect plant costs, contractor's fee, and contingency. 

The cost estimator was provided with an equipment parts list for each treatment technology from 
Brown & Root, Inc. Once an estimate of the total equipment cost was determined for each treatment 
technology, percentages of this value were used to calculate the FCI, with the exception of building costs. 
The percentages of total equipment costs used for FCI calculations were based on many factors, 
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Table 1. Fixed capital investment template 

Item Symbol Description Range 

1 E Equipment Costs E 

2 

3 

4 

L 

IC 

I 

Cost of Installation Labor 

Instrumentation & Controls 

Insulation Costs (equip. & piping) 

.25E - .55E 

.06E - .30E 

.05E - .09E 

5 

6 

7 ., 

8 

P 

Q 
F 

B 

Piping 

Labor for Installation of Piping 

Electrical Installations 

Building including Services 

.16E - .31E 

.4OP - .50P 

.10E - .15E 

.05E - .68E 
or unit costs, if available 

.10E - .20E 9 Y Yard Improvements 

10 S Service Facilities .30E - .80E 

D Direct Plant Cost sum 1 - 10 

11 ES Engineering & Supervision .15E - .80E 

12 C Construction Expenses .15E - .60E 
IP Indirect Plant Cost E S + C  

13 CF Contractor's Fee .02(D+IP) - .08(D+IP) 

14 co Contingency .05(D+IP) - .20(D+IP) 

FCI Fixed Capital Investment D+IP+CF+CO 

including the type of process involved, design complexity, required materials of construction, as well as 
discussions with Brown & Root, Inc. representatives experienced in estimating costs for chemical 
processing equipment. Building costs were determined based on unit costs and estimates of the square 
footage of building space required for a I11-scale treatment facility for each treatment technology 
alternative. Along with surveying and associated closing costs, land costs are normally included in the 
FCI. However, for this report they were reported as zero for the treatment technology cost estimates, 
because the facility was assumed to be located on already purchased land at the Fernald site. 

Costs for several pieces of processing equipment were estimated from documents published in 
previous years. In these cases, cost indexes were used to project these values to present-day costs. A 
cost index is an index value for a given point in time showing the cost at that time relative to a certain 
base time. If the cost at some time in the past is known, the equivalent cost at the present time can be 
determined by multiplying the original cost by the ratio of the present index value to the index value 
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applicable when the origml cost was obtained. Many different types of cost indexes exist for estimating 
items such as processing equipment, labor, construction, materials, and other specialized fields (Peters 
and Timmerhaus 199 1). The Marshall and Swift All-industry and Process-industry Equipment Index 
was used when costs were obtained from one of the sources containing equipment costs from the past. 

The purchased equipment costs (E, r e f b g  to Table 1) were obtained from one of the following 
sources: 1) vendors specializing in the type of chemical processing equipment required for each soil 
treatment technology, 2) cost estimating personnel at Brown & Root, Inc., 3) Richardson's Engineering 
Services Process Plant Construction Estimating Standards, 1994 edition, 4) Mining and Mineral 
Processing Equipment Costs and Preliminary Capital Cost Estimations, Volume 25,1982,5) Means 
Site Workandhdscape Cost Data, 12th annual edition, 1993, and 6) Plant Design and Economics 
for Chemical Engineers, Max S .  Peters and Klaus D. Timmerhaus, 4th edition, 199 1. The most accurate 
method for determining process equipment costs is to obtain f m  bids from equipment fabricators or 
suppliers. Verbal and/or written quotes for the specialized equipment pieces were obtained in as many 
cases as possible. However, in some cases vendors were unable to provide price quotations because 
certain design requirements that could sigdicantly affect costs were not available. In cases such as this, 
as well as for the more common types of processing equipment, costs were estimated from one or more 
of the above listed reference sources. 

The installation of equipment (L) involves costs for labor, foundations, supports, platforms, and 
other umstruction expenses related to the erection of purchased equipment. Although different ranges 
of installation costs exist depending on the type of chemical processing equipment, most fall within the 
.25E to .55E range specified in Table 1. Instrumentation and controls (IC) costs can vary from 6% to 
30% of the purchased equipment costs. For the soil treatment technology alternatives, IC costs were 
estimated at .13E because this value is normally used for solid-fluid chemical processing plants. The 
major portion of this category consists of instrument costs, installation labor costs, and expenses for 
auxiliary equipment and materials. 

The estimated cost for piping (P), with a range of 16% to 31% of equipment costs, varies 
depending on the type of chemical processing plant under consideration (i.e., solid processing, solid-fluid 
processing, or fluid processing plant). This cost category typically includes valves, fittings, pipe, 
supports, and other items involved in the complete erection of all piping used directly in the treatment 
technology process. This includes the piping used for air, steam, water, and other process piping 
requirements, as well as for the equipment used to treat the contaminated soil. The labor for the 
installation of piping (Q) ranges from 40% to 50% of the total cost of piping. Insulation costs (I) for 
equipment and piping normally range from 5% to 9% of purchased equipment costs. Insulation costs 
vary depending on many factors, including the number of pieces of equipment exposed to very low or 
high temperatures (i.e., how much of the equipment is enclosed in the building and how much is located 
outside the building?) and the amount of piping that is required in each full-scale treatment facility 
design. Electrical installation costs (F) range from 10% to 15% of equipment costs. This cost category 
consists primarily of installation labor and materials for power wiring, lighting, transformation and 
service, and instrument and control Wiring (Peters and Timmerhaus 199 1). 

The cost for buildings including services (B) consists of expenses for labor, materials, and 
supplies involved in the construction of all buildings associated with the treatment facility. The costs 
for plumbing, heating, lighting, ventilation, and similar building services are also included in this 
category. The range for this cost varies from 5% to 68% of the purchased equipment cost and is 
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dependent on two factors: 1) the type of process plant (solid, solid-fluid, or fluid processing plant) and 
2) whether or not the facility being considered is a new plant at a new site or a plant expansion at an 
existing site. For solid-fluid processing plants, building costs can range fiom 29% to 47% of purchased- 
equipment costs (Peters and Timmerhaus 1991). However, in this report the square footage required for 
the treatment facility building for each treatment technology was estimated by Brown & Root, Inc. 
personnel fiomthe engineering flow diagrams, and costs were estimated fiom unit costs based on these 
building size requirements. This provides a more accurate estimate of the building cost rather than 
estimating the building costs as a percentage of the purchased equipment cost. 

Yard improvements (Y) for the facility include the costs for site clearing and grading, roads and 
walkways, fencing, lighting, parking areas, landscaping, and other similar improvements. These costs 
range from approximately 10% to 20% of the purchased equipment cost. The total cost for service 
facilities (S) ranges fiom 30% to 80% of equipment costs. These costs include the utilities for supplying 
and distributing steam, water (i.e., treatment and distribution), power @e., electric substation and 
distribution), compressed air, and fuel to the soil treatment facility. In addition, waste disposal, frre 
protection, and miscellaneous service items such as communications, first aid, and safety installations 
require capital investments which f d  under the category of service facility costs (Peters and Timmerhaus 
1991). Service facilities costs are largely a function of plant physical size and will be present to some 
degree in most plants. However, there are many service facility cost categories, and for most solid-fluid 
chemical processing plants, there will not always be a need for each service-facility component. It is 
anticipated that the water and electricity requirements for each of the fidl-scale treatment facility options 
will be fairly high. Therefore, a middle to upper range value was used to estimate service facilities costs 
for the treatment technologies. The sum of the following items make up the direct plant cost @) for the 
facility: 1) equipment, 2) equipment installation labor, 3) instrumentation and controls, 4) equipment 
and piping insulation, 5 )  piping, 6) piping installation labor, 7) electrical installations, 8) building 
including services, 9) yard improvements, and 10) service facilities. 

Engineering and supervision costs (ES), ranging fiom 15% to 80% of equipment costs, are 
indirect plant costs (IP), because they cannot be directly charged to equipment, materials, or labor. Costs 
for construction design and engineering, d r a g ,  purchasing, accounting, cost engineering, travel, 
reproductions, and overhead constitute the capital investment for engineering and supervision (Peters 
and Timmerhaus 1991). A value close to the upper limit of the cost range 'was used for all of the 
treatment technologies, because engineering costs will undoubtedly be high due to the preliminary stage 
of development for each of the treatment technologies. Another indirect plant cost used in calculating 
the FCI for each treatment technology option is construction expense (C), ranging from 15% to 60% of 
equipment costs. This cost item includes temporary construction and operation, construction tools and 
rentals, construction payroll, insurance, and other construction overhead items. The sum of the 
engineering and supervision and construction expense items comprise the indirect plant costs for the 
treatment facility. 

A contractor's fee (CF) and contingency (CO) are normally added to the direct and indirect plant 
costs in calculating the FCI. The CF ranges fkom 2% to 8% of the sum of the direct and indirect plant 
costs. Contingency is a project markup factor normally applied to cost estimates to account for any 
uncertainties or unforeseen occu~ences, such as idlatiormy price trends, bad weather conditions, strikes, 
small design changes, estimation errors, or possible material shortages associated with a project. 
ContinSency normally ranges from 5% to 20% of the sum of direct and indirect plant costs (Peters and 
Timmerhaus 1991). Because of the experimental and developmental nature of these treatment 
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technologies, it was determined that the most conservative value (20% of the sum of direct and indirect 
plant costs) should be used to estimate the contingency for each treatment option. The FCI for each 
treatment technology is then calculated by summing the direct and indirect plant costs, contractor’s fee, 
and contingency. 

4. OPERATING COST ASSUMPTIONS 

Based on the treatment technology engineering designs, the daily operating costs are a significant 
contributor to the life-cycle costs associated with a full-scale treatment facility. The following items 
were included in calculating the operating costs: 1) chemicals and other raw materials involved in the 
treabnent process, 2) operating labor for the soil receiving building (if applicable) and the soil treatment 
building , 3) maintenance and repair costs for the process equipment and the buildings associated with 
each technology, 4) utilities associated with the operation of the treatment facility, including electricity, 
steam, process and cooling water, natural gas, fuel oil, etc., 5) operating supplies, 6) fixed charges, 
including taxes and insurance for the facility, and 7) a contingency factor. Contingency is a project 
markup factor normally applied to cost estimates to account for any uncertainties or unforeseen 
occurrences, such as inflationary price trends, bad weather conditions, strikes, design changes, estimation 
errors, or possible material shortages associated with a project. Contingency was estimated at 25% of 
the total Operating costs associated with each treatment technology. Even though the contingency factor 
is somewhat conservative, it is justified in that the operating cost parameters for the technologies are 
highly variable and uncertain. For instance, the cost of tiron is very uncertain because it is presently not 
available in bulk quantities, a requirement based on the engineering design of the tiron soil washing 
system. One source quotes a price of $40.65 for 100 grams of tiron, or approximately $184 per pound. 
However, in prellrmnary phone conversations with a company representative, a chemical company claims 
they could produce tiron in bulk quantities for $7 to $8 per pound. However, this quote was not 
guaranteed in writing, leaving the actual cost of tiron still highly uncertain. 

The majority of the chemical costs were obtained fiom the “Chemical Marketing Reporter”, a 
magazine listing the latest chemical price ranges from suppliers. Steam, electricity, and make-up treated 
water costs were gathered fiom Plant Design and Economics for Chemical Engineers (Peters and 
Timmerhaus 199 1). Although these costs were reported in 1989 dollars, the Marshall and Swift All- 
industry and Process-industry Equipment Index was used to adjust the costs to today’s dollars. A cost 
of $3.98 per 1,000 lbs, $0.08 per kilowatt hour, and $0.89 per 1,000 gallons were used to estimate the 
operating costs of steam, utilities, and make-up water, respectively. The estimated cost of carbon 
dioxide gas was based on local vendor quotes. The utility costs were estimated by summing the 
horsepower requirements of individual pieces of chemical processing equipment required for each 
treatment technology and multiplying this value by $0.08 per kilowatt hour. In addition, a 50% factor 
for heating and lighting and a 10% factor for line losses and contingencies were applied to each treatment 
technologies’ utility cost estimate. 

Other costs included in the daily operating costs associated with a full-scale treatment facility are 
equipment and building maintenance and repair costs, operating supplies, and fixed charges. Annual 
equipment maintenance and repair costs normally range from 2% to 20% of the equipment cost, 
depending on the equipments’ operating demand (Peters and Timmerhaus 199 1). Building maintenance 
and repairs costs average 3% to 4% of the building cost. A factor of 15% of the equipment cost and 4% 
of the building cost were used to estimate the annual maintenance costs for the equipment and treatment 
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building, respectively. To obtain a daily rate for operating costs, it was assumed that the facility would 
operate 350 days per year. Miscellaneous operating supplies, such as lubricants, chemicals, and 
custcdial supplies, are needed to keep the soil treatment technology processes operating efficiently. The 
estimated annual cost for these types of supplies is approximately 15% of the total cost for maintenance 
and repairs. Fixed charges are expenses that occur regardless of whether or not the process is in 
operation. Taxes and insurance were two fixed charge items that were accounted for in the operating 
cost estimates. Annual property taxes for plants range from 1% to 4% of the FCI, depending on the 
plant site location population. A factor of 2% of the FCI was used for our cost study. Although 
insurance rates depend on the type of process being carried out at the facility, the annual rate for 
coverage is normally approximately 1% of the FCI (Peters and Timmerhaus 1991). As with the 
maintenance and repairs costs, the annual rate for the taxes and insurance was divided by 350 to obtain 
a daily rate, based on the assumption that the facility would be operating for 350 days per year. 

The labor rates used in the cost study were obtained fkom the Richardson Labor Cost Index in 
The Richardson Construction Cost Trend Reporter, published by Richardson Engineering Services, Inc. 
The index lists hourly mew rates for a number of work crafts across 127 cities in the United States. The 
“process equipment” crew category was used to represent the general employees and technicians 
operating the equipment for each treatment technology. The January 1995 labor cost index for 
Cincinnm Ohio (the city nearest to the Femald site) lists the direct labor hourly rate as $24.36 per hour. 
Labor burden refers to costs a company must pay above the base labor rate, such as for pensions, Social 
Security, insurance, vacations, and other benefits. Based on discussions with cost estimation personnel 
at Brown & Root, Inc., a labor burden factor of 40% was used for the labor cost estimates. Therefore, 
the hourly rate (including labor burden) used in the cost estimates for general employees and technicians 
operating the process equipment is $34.10 (24.36 x 1.40). The rate for the truck drivers transporting 
the contaminated soil to the soil receiving building was also obtained from the Richardson Labor Cost 
Index, at $23.17 per hour, including burden ($16.55 x 1.40). 

One source quoted a supervisor’s hourly rate as 33% higher than an equipment operator’s rate, 
so a rate of $45.35 per hour ($34.10 x 1.33) was used for the shift supervisors working in the soil 
receiving and soil treatment buildings (Peters and Timmerhaus 1991). Also, radiation monitoring 
personnel rates were typically 20% higher than an operator’s rate; therefore, a rate of $40.92 per hour 
was used to estimate labor costs for radiation monitoring personnel. Three types of maintenance 
personnel were accounted for in the operating labor costs: 1) a general maintenance employee, 2) an 
electrician, and 3) an instrument technician. General maintenance employee’s labor rates are 
approximately 80% of an operator’s rate, so an hourly rate of $27.28 ($34.10 x 0.80) was used for this 
cost category. Electricians’ and instrument technicians’ labor rates in the Richardson Labor Cost Index 
are slightly lower than a process equipment operators’ rate, at $23.7 1 per hour. Adding a labor burden 
factor of 40%, the hourly rate used to estimate the labor costs for an electrician and instrument technician 
is $33.19 ($23.71 x 1.40). It should be noted that the cost figures quoted in this section apply to 
personnel on the first shift. A shift differential of 25% was applied to the labor rates for the second and 
third shift employees of the soil receiving and soil treatment buildings. 

5. LIFE-CYCLE COST ASSUMPTIONS 

Although the exact quantity of contaminated soil at the FERMCO site is unknown, an assumption 
of 2 million cubic yards was used for the life-cycle cost estimates associated with a full-scale treatment 
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facility based on each treatment technology. The estimated quantity of soil is important in calculating 
the lifecycle costs because, along with the soil treatment rate (tonsh), these parameters determine the 
length of time that the treatment facility must stay in operation. The engineering flow diagrams for each 
treatment technology are designed based on the assumption of a 20 tons/hour soil treatment rate. 
Although this treatment rate may not be the most optimum and efficient for certain treatment 
technologies, a common design assumption was made so that each technology could be evaluated on an 
equal basis. The utilization factor for a chemical plant or facility is also important in determining the 
length of time required to ireat the estimated quantity of contaminated soil, and thus the life-cycle costs 
associated with a treatment facility at the Fernald site. A 70% utilization factor was used for this cost 
study. Therefore, the soil decontamination operation would be operating 70% of the time, with 
maintenance and repairs and other associated shutdown activities taking place the remaining 30% of the 
time. Another assumption is that the facility treats soil 24 hours per day, using 3 shifts, for 350 days 
per year. Under these assumptions, a full-scale facility can treat 336 tons per day (20 tonsh  x 24 
hrdday x 0.70), or 117,600 tons/yr (336 tons/day x 350 days&). The soil density is another important 
parameter because it is used to determine the weight of soil in a cubic yard of contaminated soil. Based 
on Femald site charackrization results, it was determined that a value of 1.2 g/cu. cm should be used for 
the feed stock soil density. Based on this density, 1 cubic yard of Fernald soil weighs approximately 1 
ton Therefore, it is estimated that it would take approximately 17 years to treat the estimated 2 million 
cubic yards (tons) of contaminated soil (2,000,000 tondl 17,600 tons/yr). 

For the life-cycle cost calculations, in year 0 the costs incurred will be the FCI and the startup 
expenses required for each technoloa. Years 1 through 17 consist of operating expenses. An inflation 
rate of 5% per year was factored into the operating cost calculations. Like the FCI, startup expenses 
represent a one-time expenditure in the first year of the plant operation. After plant construction has 
been completed, frequently there are changes that have to be made before a facility can operate at 
maximum design conditions. These changes involve expenditures for materials and equipment and result 
in the loss of income while the plant is shut down or is operating at only partical capacity. Although the 
startup expenses can be as high as 12% of the FCI, it normally averages 8% to 10% of the FCI (Peters 
and Timmerhaus 1991). A startup expense of 10% was assumed for this cost study. 

6. SOIL RECEIVING BUILDING 

A soil receiving building in which soil is stored and eventually fed into the soil treatment building 
is required for the ABE, carbonate/bicarbonate vat extraction, and tiron soil washing processes. 
Assuming that the building can contain 5 days of storage inventoq (approximately 1,700 tons) in 2 
parallel storage cribs, the sue of the building is estimated at 17,600 square feet (80 ft W x 220 ft L). 
The 2 storage cribs, one for fill material and the other for reclaim for transfer to the treatment building, 
will be approximately 120 ft L x 25 ft W x 9 f t  H. Large doors in the front of the building will allow a 
dump truck operator to drive into the building and up a concrete ramp to unload the contaminated soil. 
The storage crib walls, approximately 9 feet high, will be made up of reinforced concrete. A bulldozer 
operator will be responsible for leveling and spreading the soil in the storage cribs from the dump truck. 
A h n t a d  loader will be required in order to load contaminated soil onto a conveyor belt for transport 
to the soil treatment building. In terms of ventilation and dust control for the soil receiving building, a 
dust collection system, baghouse system, and a high-efficiency particulate air W P A )  filter system will 
be required. The dust collection system will be located primarily above the storage crib area, at an 
estimated cost of $100,000. Costs for the baghouse system and HEPA filter system are estimated at 
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$170,000 and $60,000, respectively. The 80 A x 220 R building has an estimated cost of approximately 
$700,000 (at $40/sq. ft). Assuming a 9 inch slab for the foundation, the cost to construct the building 
foundation is approximately $280,000 (at $500/cu. yd. of concrete). Including the dust and ventilation 
equipment, as well as other associated costs for the building, such as the foundation, containment 
concrete walls, ramps, etc., bring the total estimated cost for the soil receiving building to approximately 
$1,400,000. The FCI requirements for the soil receiving building are shown in Table 2. The equipment 
costs (E) for the building are estimated at $100,000, which includes an enclosed conveyor belt system 
and associated equipment used to transport the contaminated soil to the soil treatment building. The 
estimated FCI requirements, including direct and indirect plant costs, contractor’s fee, and contingency, 
to construct the soil receiving building is approximately $2,150,000. 

The operating costs for the soil receiving building are shown in Table 3. The costs to excavate 
the contaminated soil and load it into a dump truck were obtained fiom Richardson’s Engineering 
Services Process Plant Construction Estimating Standards, 1994 edition. Estimated costs for 
excavation and loading a dump truck are $0.82/cu yd. and $OSO/cu. yd, respectively. Adding a stiff clay 
factor of $0.93/cu yd brings the total cost for excavation to $2.25/cu. yd ($2.25/ton). Based on the soil 
treatment rate and the capacities of the excavation and hauling equipment, it is anticipated that the soil 
receiving building will have to be in operation for 3 shifts per day, 5 days per week, and 350 days per 
year. An assumption was made that a stockpile of soil could be produced for continuous treatment by 
excavating the soil at a rate of 84 tons per hour for 40 hours per week. This excavation rate will produce 
3,360 tons of soil per week, which is enough soil to operate the treatment facility continuously at a 20 
tons per hour treatment rate (20 tonshr x 24 hrs/day x 7 days/wk). As shown on the daily operating cost 
sheets for each treatment te-chnology, the labor requirements vary for each of the 3 shifts during the day. 
The following personnel are required for the soil receiving building during the 8-hour day shift: 1) a truck 
driver to haul the soil into the building, 2) a bulldozer operator, 3) a fiont-end loader operator, 4) a 
general employee, 5 )  a radiation monitoring person, and 6)  a shift supervisor. Using a 70% utilization 
factor and a 20 tons/hr treatment rate, 1 12 tons of contaminated soil can be treated during the shift (20 
tons/hr x 8hrs/shift x 0.70). Under these assumptions, the estimated labor cost per ton of soil treated 
for the day shift is roughly $5/ton (Table 2). Based on an excavation rate of 84 tons/hr for 40 hrs/wk, 
the bulldozer operators’ and truck drivers’ excavation activities can be completed during the first shift 
of the day. 

In terms of labor requirements, the following personnel are required for the second shift: 1) a 
fiont-end loader operator, 2) a general employee, and 3) radiation monitoring person. In addition, the 
assumption was made that the soil receiving building shift supervisor would work a 10 hour day to 
oversee the first 2 hours of the s a n d  shift. The 2 hours of overtime pay for the shift supervisor during 
the day shift were paid at 1.5 times his or her’s base salary. The labor rates of employees on the second 
and third shifts were increased by 25% to account for a shift differential. This factor was applied to 
employees working in the soil receiving building and the soil treatment building. The estimated cost per 
ton for the operating labor during the second shift is $4/ton. The 8-hour third shift personnel required 
for the soil receiving building is identical to that of the second shift, with the exception of the 
requirement for a shift supervisor during the first 2 hours of the shift. Assuming a 70% utilization 
factor, the estimated labor cost per ton of soil treated during the third shift is $3/ton. Maintenance 
employees were accounted for in the labor requirements of the soil treatment building because it was 
assumed that they would perform maintenance work activities for both the soil receiving and soil 
treatment buildings. The total estimated labor cost for the soil receiving building, excluding excavation 
costs ($2.25/ton), is approximately $12 per ton of soil treated (Table 2). The costs associated with the 
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construction and operation of the soil receiving building were included in the cost estimates for the 
treatment technologies in which the soil receiving building is actually required (all of the technologies 
with the exception of the heap leaching process). 

Table 2. FCI for soil receiving building 

Item Symbol Description Form u 1 a Value 

1 E Equipment Costs E $100,000 

2 L Cost of Installation Labor .40E 40,000 

3 IC Instrumentation & Controls .13E $13,000 

4 I InsulationCosts (equip. k .05E $5,000 
Piping) 

5 P Piping .16E $16,000 

6 Q Labor for Installation of Piping .4OP $6,400 

7 F Electrical Installations .15E $15,000 

8 B Building including Services ---- $1,400,000 

9 Y Yard Improvements .10E $10,000 

10 S Service Facilities .30E $30,000 

D Direct Plant Cost Sum of 1-10 $1,635,400 

11 ES Engineering & Supervision .60E $60,000 

12 C Construction Expenses .25E $25,000 

IP Indirect Plant Cost ES+C $85,000 

13 CF Contractor's Fee . 05(D+IP) $86,020 

14 co Contingency .20(D+IP) $344,080 

FCI Fixed Capital Investment D+IP+CF+CO $2,150,500 

7. AQUEOUS BIPHASIC EXTRACTION PROCESS 

The goal of the ABE process in removing uranium fiom contaminated soils is to selectively 
separate and recover ultrafime particulate uranium from the soil without altering the physicochemical 
properties of the soil particles. Principal investigators who studied this technology feel this separation 
is feasible by taking advantage of the differences in the surface chemical properties of the contaminants 
and the soil particles. The biphasic extraction process is a potential alternative to conventional soil 
washing techniques that are based on physical separation methods, such as screening, classification, and 
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Table 3. Operating costs for soil receiving building 

aass DeWiptiOU unit unitcost */Day WTotal Total C0sV"on 
Excavation lkawlte ton m.82 3360 275.5 .............................................................................................................................................................................................................................. 

IoadTndc ton m.50 3340 1680 ............................................................................................................................................................................................................................. 
StffctrYFador EB m.93 336 3125 us $2 
lhdclxw narrhrs 23.17 8 185.4 

k o p a d t c a  narrhs 34.1 8 2728 

F~~d-EidLOada wrrhs S4.10 8 m 

.me!!?! ............................................................................................................................................................................................................ 

............................................................................................................................................................................................................................... 

............................................................................................................................................................................................................................... 

flotation. The ABE process involves the use of a multi-stage tower contacting device known as a Karr 
Column to selectively partition the ultra fine soil particles between two immiscible aqueous phases. In 
the aqueous biphasic extraction process, one liquid phase is a solution of PEG and the other is a sodium 
carbonate salt solution. In this phase, the dense liquid phase (the PEG slurry) is fed to the top of the 
Karr Column. The less dense salt phase is fed into the bottom of the column and a counter-current flow 
is established. The approach taken by the Principal Investigator is to partition the uranium rich solid soil 
particles into the salt phase leaving the top of the Karr Column. Also in this salt phase is the bulk of the 
dissolved uranium. The PEG underflow slurry should exit the bottom of the Karr Column containing 
the uranium-depleted soil. This Karr Column PEG underflow slurry is then mixed with the coarser soil 
fractions, fed to a thickener for separation from the PEG phase and ultimately filtered and washed for 
disposal (e.g, return to the site). The coarse soil separation stage of the ABE process is identical to that 
of the carbonatehicarbonate vat extraction treatment technology. The philosophy of the coarse soil 
separation circuit for the ABE process is to produce a polyethylene glycol (PEG) phase feed slurry to 
the Karr Columns of 30% to 35% solids, leach any surface uranium contamination fiom the coarse soil 
fraction and wash the coarse soil with fiesh water prior to return to the site (Henderson 1995). A 
detailed description of the ABE process, as well as the carbonatehicarbonate, and tiron soil washing 
processes, can be found in the report, Removal of Uraniumfiom Uranium-Contaminated Soils Phase 
I: Bench-Scale Testing (Soil Decontamination Task Group 1993). 

The uranium recovery system used to precipitate the uranium from the sodium carbonate salt 
phase in the ABE process is methanol precipitation. However, specific quantitative data required for 
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process design are very preliminary due to the developmental nature of thb technology. Since the ABE 
process uses a separation technology other than leaching to effect the separation, developers of this 
process feel this technology has the promise of being able to recover and remove a high proportion of 
the dBicult-to-leach, refiactory uranium mineral species in the soil (Henderson 1995). Many elements 
of the ABE process are preliminary since this type of full-scale application is early in its development 
phase. Therefore, the engineering flow diagram for this technology represents a feasible, although not 
necessarily optimal, conceptual process design for implementation of a full-scale treatment facility. 
However, the potential exists for sigruficant improvements in the ABE process design, operating 
performance, and reduction in reagent consumptions and losses. 

Appendix A provides the engineering flow diagram for the ABE system. The equipment costs 
for this treatment technology are shown in Appendix B, Table B. 1. The total equipment cost (E) for this 
system is estimated at approximately $4,585,000. The Karr reciprocating plate columns are by far the 
most expensive pieces of process equipment required for the aqueous biphasic extraction system. Based 
on conversations with the principal investigator, a company provided a budget estimate of $380,000 for 
each Karr Column. Preliminary sketches fiom the company indicate that each Karr Column should be 
6 feet in diameter, with a 15-ft plate stack height. Due to the requirement for 5 Karr Columns, the total 
cost for the Karr Columns is $1,900,000, which represents 42% of the total equipment cost for the 
aqueous biphasic extraction process. Two belt-type horizontal pressure filters are also required, with 
a budgeted cost of $400,000 each. Other large equipment expenditures include a multi-plate methanol 
strip column at $200,000, a PEG thickener at $150,000, and a drum scrubber with trommel at an 
estimated cost of $150,000. 

The results of the FCI calculation for the ABE process are shown in Table 4. Piping and 
instrumentation costs for all of the technologies fall within the same range, except for the heap leaching 
system. After a review of piping and instrumentation costs for several of the treatment technologies 
developed by Brown & Root, Inc., it was decided that the lower end of the range would be an appropriate 
factor to use for piping costs (. 16E), as well as insulation costs for the equipment and piping (.05E). 
Another reason the lower end of the range was used for the piping and insulation costs is that a factor 
for instnunentation and controls, at 13% of equipment costs, is already being considered in the FCI 
calculations. Piping and instrumentation costs are interrelated and are normally included under the same 
heading for most FCI cost estimates. Yard improvements for all the technologies were estimated at the 
lower end of the range because the concern is primarily for the Ill-scale treatment facility itself and not 
the extra cost items (i.e., sidewalks and landscaping) normally considered in this cost category. A value 
of 55% of equipment costs was used for service facilities in the FCI calculations, because it represents 
an average value for a solid-fluid processing plant. 

Building size quirements for the ABE process were determined after Brown & Root personnel 
estimated that a 15,000 ft’ soil treatment building would be required for the carbonatehicarbonate and 
tiron soil washing systems. Because less equipment is required for the ABE process than that of the 
carbonatehicarbonate and tiron systems, it was assumed that a 10,000 ff building would be adequate 
for the ABE process soil treatment building. As with the other treatment techologies, unit costs are 
based on square footage requirements to estimate costs for the treatment building, building foundation, 
loadinghnloading area, and parking area. The treatment building has an estimated cost of $400,000. 
Other costs associated with the treatment building, including the building and equipment foundations, 
a loadin&nloading area, and a parking area result in a building cost of approximately $979,000. In 
addition, ventilation and dust control equipment will be requred for the soil treatment building, including 
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Table 4. FCI for aqueous biphasic extraction process 

~ _ _ _  

Item Symbol Description Formula Value 

1 E Equipment Costs E $4,585,100 

2 L Cost of Installation Labor .40E $1,834,040 

3 IC Instrumentation & Controls .13E $596,063 

4 I Insulation Costs (equip. & piping) .05E $229,255 

5 P Piping .16E $733,616 

6 Q Labor for Installation of Piping .4OP $293,446 

7 F Electrical Installations .15E $687,765 

8 B Building including Services ---- $1,300,000 

9 Y Yard Improvements . 1 OE $458,510 

10 S Service Facilities .55E $232 1,805 

D Direct Plant Cost Sum of 1-10 $1 3,239,600 

11 ES Engineering & Supervision .60E $2,75 1,060 

12 C Construction Expenses .25E $1,146,275 

IP Indirect Plant Cost ES+C $3,897,335 

13 CF Contractor's Fee .05(D+LP) $856,847 

14 co Contingency .20(D+IP) $3,427,387 

FCI Fixed Capital Investment D+IP+CF+CO $21,421,169 

a dust collection system, baghouse system, and a high-efficiency particulate air (HEPA) filter system. 
The dust collection system will be located primarily above the storage crib area, at an estimated cost of 
$100,000. Costs for the baghouse system and HEPA filter system are estimated at $170,000 and 
$60,000, respectively. This results in an estimate of approximately $1,300,000 for the ABE process soil 
treatment building. The direct plant cost for this process is estimated at $13,240,000. Indirect plant 
costs, consisting of construction expenses and engineering and supervision, for this system are 
$3,897,000. Adding a contractor's fee and contingency of $857,000 and $3,427,000, respectively, to 
the direct and indirect plant costs results in a FCI of approximately $21,421,000 for the aqueous 
biphasic extraction process. 

The dady operating costs associated with a full-scale treatment facility based on the ABE process 
are shown in Table 5 .  At approximately $65 per ton of soil treated, the chemical consumption costs 
required to operate this technology are the highest of any of the treatment technologies. This is due 
primarily to the requirement for such large quantities of sodium bicarbonate and makeup PEG, whose 
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Table 5. Operating costs for the aqueous biphasic extraction process 

...................................................... 

...................................................... 
....................................................... 

.................... 

.................................. 

costs account for roughly 8 1% of the total daily chemical consumption costs for the ABE process. The 
labor requirements for this technology include personnel for the soil receiving building and the soil 
treatment building. The daily costs for personnel operating the soil receiving building during the fxst, 
second, and third shifts is estimated at $12 per ton of soil. The derivation of this estimate is explained 
in detail in Section 6 of this report.. A total operating cost of $19/ton for the soil receiving building was 
included in the ABE operating cost estimate since this building is required for this technology. The 
personnel for the h t  shift of the ABE soil treatment building include the following: 1) 7 plant operators 
to operate the process equipment and conduct soil treatment activities, 2) 2 radiation monitoring 
personnel, 3) 2 shift supervisors, 4) an employee who will pedorm various general activities associated 
with the treatment process, 5 )  2 general maintenance employees, and 6) an electrician and an instrument 
technician for the installation and maintenance of the process equipment and instrumentation used in the 
treatment process. The total estimated cost for the soil treatment building personnel during the first shift 
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is $4,500, or approximately $13 per ton of soil treated, assuming a 70% utilization factor. Based on the 
70% utilization factor, 336 tons/day, rather than 480 tondday (20 tonskour x 24 hrs/day) of 
contaminated soil can be treated for all of the treatment technologies because all were designed assuming 
a treatment process rate of 20 tons/hour and a utilization factor of 0.70. 

Brown & Root, Inc. suggested less personnel would be required for the soil treatment building 
during the second and third shifts, compared to the first shifi. The personnel for the second and third 
shifts of the ABE soil treatment building include the following: 1) 5 plant operators, 2) 1 radiation 
monitorjngpersonnel, 3) 1 shift supervisor, 4) an employee who will perform various general activities 
associated with the treatment process, 5) 1 general maintenance employee, and 6) an electrician and an 
instrument technician. The total estimated cost for the second and third shifts for the soil treatment 
building labor is $3,800 each, or $11 per ton of soil treated (assuming a 70% utilization factor). 
Therefore, the labor cost for the soil treatment building is approximately $35 per ton of soil treated by 
the ABE process. Adding the soil receiving building labor cost of $12/ton to this value results in a total 
labor cost for the ABE process of $47/ton of soil treated. The estimated total daily operating cost of 
$173 per ton of soil treated for the ABE process includes costs for raw chemicals and materials, labor, 
electricity, maintenance and repairs, operating supplies, fixed charges, and contingency 

The life-cycle cost calculation for the ABE process is shown in Table 6. The FCI value shown 
in the table ($23,571,669) is the sum of the FCI estimate for the soil receiving building and the FCI for 
the ABE soil treatment building. Start-up costs for all of the treatment technologies are estimated as 
10% of the FCI requirements. Therefore, the cost in the first year (year 0) of the life-cycle cost 
calculations is the sum of the estimated FCI and the start-up costs associated with a full-scale facility 
based on the ABE process. The yearly operating cost of approximately $20,3 15,000 in years 1 through 
17 for the ABE process is obtained by multiplying the daily operating cost (shown in Table 5 )  by 350, 
the estimated number of days the full-scale facility is operated in a single year. The cost to treat the 
contaminated soil at Fernald using the ABE process is estimated at $275 per ton. This value is based 
on the estimated life-cycle costs, comprised of the FCI, start-up expenses, and yearly operating costs, 
as well as the assumption of a 5% annual inflation rate for the 17 years of operation required to treat the 
estimated 2,000,000 tons of contaminated soil at the Fernald site. 

8. CARBONATE/BICARBONATE VAT EXTRACTION PROCESS 

The general approach taken by Principal Investigators studying the carbonatehicarbonate vat 
extraction process was to emphasize the extraction of uranium fiom Fernald soils by carbonate-based 
extractions. Uranium is characteristically leached from uranium ores by acid- or carbonate-based 
extractants. However, because of the destructive action on layer silicates by strong acids, it was 
determined that acid leaching was not appropriate for Fernald soils. Alkaline leaching of uranium from 
various ores has an established history in the uranium industry that extends back to the middle 1950 '~~  
when uranium milling operations were at peak production. The use of sodium carbonate-sodium 
bicarbonate became attractive in cases in which the uranium grade was high or the carbonate or lime 
content was high. The alkaline leaching also produced a clean separation of uranium fiom its ores 
without solubilizing other metals because many metals are not soluble in alkaline solutions, an additional 
advantage when leaching soils that may contain hazardous metals (Soil Decontamination Task Group 
1993). 
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Table 6. Life-cycle costs for aqueous biphasic extraction process 

FCI 
Start-up Cost 
Yearly Operating Cost 

Year 
0 
1 
2 
3 
4 
5 
6 
7 
8 
9 
10 
11 
12 
13 
14 
15 
16 
17 

rota1 Cost 

$23,571,669 
$2,357,167 

$20,315,200 
c o s t  

$25,928,836 
$20,3 15,200 
$21,330,960 
$22,397,508 
$23,5 17,383 
$24,693,252 
$25,927,915 
$27,224,3 10 
$28,585,526 
$3 0,O 14,802 
$3 1,5 15,542 
$33,091,3 19 
$34,745,885 
$36,483,180 
$38,307,339 
$40,222,706 
$42,233,84 1 
$44,345,533 

$550,881,036 
ZostJTon $275 

The soil feed to the carbonatdbicarbonate vat extraction process is delivered by a conveyor from 
the soil receiving building. The rocks, twigs, and roots are separated from the feed soil by a wet grizzly. 
The feed soil is then further processed and separated in a series of rotary drum scrubbers to produce a 
feed sluny to the carbonate leach reactors of 30% to 35% solids. Oxygen gas is introduced into each 
reactor vessel to provide maximum efficiency of uranium leaching. After initial leaching occurs in a 
series of three reactors, the slurry is then fed to a vacuum belt filter for dewatering. The soil slurry is 
then fed through another series of three leach reactors for additional leaching. The slurry exiting the last 
reactor is pumped to another vacuum belt filter. However, in addition to dewatering, this belt filter 
system contains two washinglrinsmg sections, one using recycle lixiviant to remove solubilized uranium 
and the second uses fresh water to M e r  remove the uranium in the soil filter cake. The washed and 
rinsed h e  soil filter cake is then discharged from the second belt filter and conveyed to a stockpile for 
return to the site for disposal (Henderson 1995). 

A fixed-bed ion exchange system is proposed for the removal and recovery of solubilized 
uranium. This system wi l l  allow a recycle rate of greater than 90% for the lixiviant after initial uranium 
removal. Ion exchange for the removal of uranium from carbonate lixiviants is a proven system used 
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commercially for over 20 years (Henderson 1995). The filtrates used as feed to the ion exchange system 
are processed initially through sand filters to remove any suspended solids and then through carbon 
guard columns to remove any dissolved or suspended organics. The uranium is then stripped from the 
loaded resin using a sodium chloride/dilute hydrochloric acid strip solution. A peroxide uranium 
precipitation system, composed of a multi-compartment reactor, is used to remove the uranium from the 
acidic strip solutions. Each compartment is agitated using axial-flow impellers to promote crystal 
growth of the precipitate. During the precipitation process, the pH is adjusted and controlled throughout 
the process by the addition of hydrogen peroxide and sodium hydroxide. The reaction products from the 
peroxide precipitation produces solid uranyl peroxide and additional sodium chloride in the liquid phase. 
A filter press dewaters the uranyl peroxide slurry before disposal (Henderson 1995). 

The engineering flow diagram for the carbonatehicarbonate vat extraction process is shown in 
Appendix A. The equipment costs for the sodium carbonate system are shown in Appendix By Table 
B.2. The total equipment cost (E) is estimated at approximately $6,15 1,000. The vacuum belt filters 
are the most costly pieces of equipment for this system. The estimated cost of vacuum belt filters 1 and 
2 are $750,000 and $1,100,000, respectively. The 6 fixed bed ion exchange system columns cost 
approximately $1,300,000. The vacuum belt filters and ion exchange columns represent approximately 
5 1% of the total equipment cost for the entire carbonatehicarbonate vat extraction process. Other costly 
items include two carbon guard columns at a total cost of $400,000, two sand filters at $198,000, and 
a soil rotary dryer at a total estimated cost of $200,000. 

Results of the FCI calculation for the carbonatehicarbonate vat extraction process are shown in 
Table 7. Building costs are based on the assumption of a 15,000 fi* treatment building with a partial 
second floor. Unit costs based on square footage requirements were used to estimate costs for the 
treatment building, building foundation, loadin@unloading area, and parking area. The treatment 
building has an estimated cost of $600,000. Other costs associated with the treatment building, 
including the building and equipment foundations, a loading/unloading area, and a parking area result 
in a building cost of approximately $1,272,000. In addition, ventilation and dust control equipment will 
be required for the soil treatment building, including a dust collection system, baghouse system, and a 
high-efficiency particulate air (HEPA) filter system. The dust collection system will be located primarily 
above the storage crib area, at an estimated cost of $100,000. Costs for the baghouse system and HEPA 
filter system are estimated at $170,000 and $60,000, respectively. This results in an estimate of 
approximately $1,600,000 for the carbonatehicarbonate process soil treatment building. The direct cost 
for the carbonate/biicarbate vat extraction plant is approximately $17,6 17,000. As in the case for the 
soil receiving building, engineering and supervision and contingency costs for all of the treatment 
technologies were estimated conservatively because of the experimental nature of this project. Indirect 
plant costs, consisting of construction expenses and engineering and supervision, for this system are 
approximately $5,228,000. Adding the cuntracbr's fee and contingency of $1,142,000 and $4,569,000, 
respectively, to the direct and indirect plant costs results in a FCI of approximately $28,557,000 for the 
carbonatehicarbonate system. 

The daily operating costs associated with a full-scale treatment facility based on the 
carbonatehicarbonate vat extraction process are shown in Table 8. The chemical consumption cost of 
$8 per ton of soil treated for the carbonatehicarbonate process is the lowest of any of the treatment 
technologies. The labor requirements for this system include personnel requirements for the soil 
receiving building and the soil treatment building. As with the other treatment technologies requiring 
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Table 7. FCI for carbonatehicarbonate vat extraction process 

Item Symbol Description Formula Value 

1 E Equipment Costs E $6,15 1,060 

2 L Cost of Installation Labor .40E $2,460,424 

3 IC Instrumentation & Controls .13E $799,638 

4 I Insulation Costs (equip. & piping) .05E $307,553 

5 P Piping .16E $984,170 

6 Q Labor for Installation of Piping .4OP $393,668 

7 F Electrical Installations .15E $922,659 

8 B Building including Services ---- $1,600,000 

9 Y Yard Improvements .10E $6 15,106 

10 S Service Facilities .55E $3.383.083 

D Direct Plant Cost Sum of 1-10 $17,617,361 

11 ES Engineering & Supervision .60E $3,690,636 

12 C Construction Expenses .25E $1,537,765 

IP Indirect Plant Cost ES+C $5,228,401 

13 CF Contractor's Fee .05(D+IP) $1,142,288 

14 co Contingency .20(D+IP) $4,569,152 

FCI Fixed Capital Investment D+IP+CF+CO $28,557,202 

the soil receiving building, the daily labor costs for personnel during the fist, second, and third shifts, 
excluding excavation costs ($2.25/ton), is estimated at $12 per ton of soil treated. The personnel for the 
first shift of the m b d i c a r b n a t e  soil treatment building include the following: 1) 9 plant operators 
to operate the process equipment and conduct soil treatment activities, 2) 2 radiation monitoring 
personnel, 3) 2 shift supervisors, 4) an employee who will perform various general activities associated 
with the treatment process, 5 )  2 general maintenance employees, and 6) an electrician and an instrument 
technician for the installation and maintenance of the process equipment and instrumentation used in the 
treatment process. The total estimated cost for the soil treatment building personnel during the first shift 
is $5,100, or $15 per ton of soil treated, assuming a 70% utilization factor. Based on the 70% utilization 
factor, 336 tons/day, rather than 480 tons/day (20 tonshour x 24 brdday) of contaminated soil can be 
treated for all of the treatment technologies because all were designed assuming a treatment process rate 
of 20 tonshour and a utilization factor of 70%. 
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Table 8. Operating costs for carbonatehicarbonate vat extraction process 

class Description unit unitCost Qtymy  %Total Total Casflon 
ChemicaVRrrw mterial SodimcHbolate ton $381.00 0.9 $343 

SodimIhhBte ton $416.00 1.6 w 
............................................................................................................................................................................................................................ 
........................................................................................................................................................................................................................... 

h 91.80 ....................................................... 

....................................................... 

..................................... 
....................................................... 

...................................................... 

...................................................... 

...................................................... 

................................. 

As with all of the treatment technologies, Brown & Root, hc. recommended less personnel would 
be required for the soil treatment building during the second and third shifts, compared to the first shift. 
The personnel for the second and third shifts of the carbonatehicarbonate soil treatment building include 
the following: 1) 7 plant operators, 2) 1 radiation monitoring personnel, 3) 1 shift supervisor, 4) an 
employee who will perfm various general activities associated with the treatment process, 5) 1 general 
maintenance employee, and 6) an electrician and an instrument technician. The total estimated cost for 
the second and third shifts for the soil treatment building labor is $4,500 each, or approximately $13 per 
ton of soil treated (assuming a 70% utilization factor). Therefore, the labor cost for the soil treatment 
building is approximately $41 per ton of soil treated by the carbonatehicarbonate vat extraction process. 
Adding the soil receiving building labor cost of $12/ton to this value results in a total labor cost for the 
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carbonatehicarbonate vat extraction process of $53/ton of soil treated. Total operating costs for the soil 
receiving building of $19 per ton were also included in this operating cost estimate since this building 
is required for this treatment technology. The estimated total daily operating cost of $1 13 per ton of soil 
treated for this process includes costs for raw chemicals and materials, labor, electricity, maintenance 
and repairs, operating supplies, fixed charges, and contingency. 

The life-cycle cost estimate for the carbonatehicarbonate process is shown in Table 9. Costs 
incurred in the frst year (year 0) include the FCI for the soil receiving building and the 
carbonatehicarbonate treatment building, as well as the estimated start-up costs associated with 
developing a full-scale facility based on this process. The yearly operating cost of approximately 
$13,3 17,000 in years 1 through 17 for this process is obtained by multiplying the daily operating cost 
by 350, the estimated number of days the Ml-scale facility is operated in a single year. The total 
estimated cost of $1 89 per ton of soil treated using the carbonatehicarbonate process is based on the 
estimated life-cycle costs, comprised of the FCI, start-up expenses, and yearly operating costs and the 
assumption of a 5% annual inflation rate. 

Table 9. Life-cycle costs for carbonatehicarbonate vat extraction process 

'CI 
Start-up Cos t  
u'early Operating Cos t  

Year 
0 
1 
2 
3 
4 
5 
6 
7 
8 
9 
10 
11 
12 
13 
14 
15 
16 
17 

rota1 Cost  

$30,707,702 
$3,070,770 

$1 3,3 17,342 
c o s t  

$33,778,472 
$13,3 17,342 
$13,983,2 10 
$14,682,370 
$15,416,489 
$16,187,3 13 
$16,996,679 
$17,846,5 13 
$18,73 8,838 
$19,675,780 
$20,659,569 
$21,692,547 
$22,777,175 
$23,916,034 
$25,111,835 
$26,367,427 
$27,685,798 
$29,07 0,O 8 8 

$37 7,903,4 78 
:ost/Ton $189 
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9. HEAP LEACHING PROCESS 

The engineering flow diagram and equipment selection for this technology reflect the experience 
of Brown & Root, Inc. personnel in primary uranium ore processing as well as recent laboratory results 
on the urauium-contaminated soils at Fernald. The equipment selection and process design to develop 
the heap leaching process to full-scale status represents a relatively optimistic approach taken by Brown 
& Root personnel and the principal investigators of this technology. The engineering flow diagram for 
the heap leaching process is based on an overall throughput rate of 20 dry tons of soil per hour. After 
initial separation and processing using a dry grizzly and rotary drum scrubber, the soil is transported to 
a covered stockpile building, with a capacity of 2,400 tons of soil (3 excavation days inventory). From 
the stockpile building, the soil is carried by conveyor to an agglomerating drum and mixed with a 
sandgravel bulking agent. After blending, the soil mixture is transported by a conveyor system to one 
of five leaching cells. The cells are made of multiple layers of asphalt and covered with a crushed rock 
protective layer. The asphalt layers are covered with a geotextile (40 mils thick) fabric sheet. Each cell 
would hold approximately 4,230 tons of soiYsand mixture, with 8,460 square feet of exposed top surface 
for lixiviant application. Leachate is applied to the soil using irrigation drip emitters. Active leaching 
with a sodium bicarbonate-based lixiviant takes place at any given time in 3 of the cells. Another cell 
is where new soil is being transported to, stacked on, and prepared for leaching. The last cell contains 
the soil which has been leached, rinsed, and drained. 

A 7-day cycle duration was chosen because it is very compatible with a normal 5-day work week 
by an excavation contractor. The contaminated soil will be processed through 3 leach cycles, providing 
at least 18 days of active leaching of the soil. The remaining 3 days would be used to apply rinse water 
and initiate a drainage cycle. After the 3 leach cycles are completed, the heaps are rinsed with fiesh 
water. After drainage, the soil is reclaimed by fiont-end loader which places the soil into a a conveyor 
feed hopper where it is transported and discharged onto the reclaim transport conveyor. The leached soil 
conveyor discharges to a leached soil pad where the soil is stockpiled prior to return to the disposal site. 
The uranium recovery system for the heap leaching process is very similar to the one proposed for the 
carbonatehicarbonate soil washing process. The fixed-bed ion exchange system proposed for the heap 
leaching process is very similar to the one used for the carbonatehicarbonate and tiron soil washing 
systems. It permits greater than 90% recycle and reuse of the lixiviant. 

The engineering flow diagram for the heap leaching system is provided in Appendix A. The 
equipment list for the heap leaching system is shown in Appendix B, Table B.3. The total equipment 
cost (E) for this process is estimated at approximately $3,757,000. The 5,800 square foot circular 
stockpile building has anestimated cost of $290,500 (at $50/sq. ft.). The 71,000 square foot sandsoil 
permanent leachingpadis eslitnatedat approximately $355,000 ($5/sq. ft.). Other costly items for this 
treatment technology include the conveyor systems. For example, the 7304  cross-country leaching pad 
conveyor which transports the soilhand blend fiom the agglomerating drum to the 5 leach pads is 
estimated at $219,000. The unloading conveyor, tranporting the leached soil to a soil pad for disposal, 
has an estimated cost of $200,000. Also, the fked-bed ion exchange resin columns for the heap leaching 
process have an estimated cost of approximately $194,000, which includes the resin at $16,000 
($200/cu. ft.). 
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The results of the FCI calculation for the heap leaching process are shown in Table 10. Building 
costs were calculated using unit costs ($/sq. ft.) based on size requirements and the materials of 
construction for each item. A building is required to house the uranium removal and lixiviant recycle 
equipment shown in Appendix A. Because the uranium removal treatment equipment requirements are 
essentially the same for both the heap leaching and the carbonatehicarbonate processes, the heap 
leaching building is assumed to be approximately one-half the size of the carbonatehicarbonate system. 
This is based on the assumption that onehalf of the building space for the carbonatehicarbonate system 
is occupied by the uranium removal and lixiviant recycle equipment. Rather than taking one-half of the 
cost of the carbonate/bicarbonate soil treatment building ($1,600,000) since the heap leaching process 
building is one-half the size of the carbonate building, a six-tenths-factor scaling rule was used to 
calculate the cost of the heap leaching process building. According to this rule, if the cost of a given unit 
at one sue is known, the cost of a similar unit with X times the capacity of the first is approximately 
(X)' times the cost of the initial unit (Peters and Timmerhaus 199 1). Using this rule, the total estimated 
direct cost for the heap leaching building, including foundation, compartment walls, parking and 
loadinghnloading area, dust collection system, hepa filters, and baghouse system, is approximately 
$1,060,000. This cost includes the material, equipment, and labor for fabrication of the heap leaching 
building which houses the uranium removal and lixiviant recycle equipment. Due to extensive piping 
requirements for the heap leaching process, the piping and insulation cost factors (see Table 7) were 
increased to reflect this change. After a review of the piping requirements in the equipment parts list for 
the heap leaching process and discussions with Brown & Root, Inc. personnel, it was determined that 
piping costs for the heap leaching process should be estimated conservatively. Therefore, the upper limit 
of the ranges shown in Table 1 was used for piping and insulation costs. The estimated direct plant cost 
for the heap leaching system is approximately $1 1,783,000. Total indirect plant costs for engineering 
and supervision and construction expenses are estimated at $3,194,000. Adding the contractor's fee and 
contingency of $749,000 and $2,995,000, respectively, to the direct and indirect plant costs results in 
a FCI value of approximately $1 8,721,000 for the heap leaching process. This technology has the lowest 
FCI requirements of the treatment technologies. 

The dady operating costs associated with a fU-scale trealment facility based on the heap leaching 
process are shown in Table 1 1. Chemical costs associated with this technology are estimated at $15 per 
ton of soil treated, with 85% of this cost due to the requirement for sand. The labor requirements for this 
system include personnel requirements for the soil and sand receiving pads, the covered stockpile 
building, the leach cells, and the soil treatment building which houses the uranium removal and lixiviant 
recycle stream equipment. The heap leaching process is the only treatment technology that does not 
require the soil receiving building. A soil receiving pad and the covered stockpile building are used to 
store the soil after day-time excavation operations. In terms of labor requirements, the soil and sand 
receiving pads each require a truck driver and a front-end loader operator. Because the excavation work 
can be completed in an 8-hour period, the the truck drivers and fiont-end loader operators for the 
receiving pads are only required for the first shift of the day. The estimated labor cost for these 4 
personnel during the day shift are estimated at $900, or approximately $3/ton. Other personnel required 
during the first shift of the heap leaching process include the following: 1) a front-end loader operator 
to move the soil from the stockpile building to the soil transport conveyor, which then feeds the 
agglomerating/mixing drum, 2) 7 plant operators to cover various stages of the soil treatment and 
uranium removalkiviant recycle processes, 3) 2 radiation monitoring personnel, 3) 2 shift supervisors, 
4) an employee who will perform various general activities associated with the treatment process, 5 )  2 
general maintenance employees, and 6) an electrician and an instrument technician for the installation 
and maintenance of the process equipment and instrumentation used in the heap leaching process. The 
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Table 10. FCI for heap leaching process 

Item Symbol Description Formula Value 

1 E Equipment Costs E $3,757,3 10 

2 L Cost of Installation Labor .40E $1,502,924 

3 IC Instrumentation & Controls .13E $48 8,45 0 

4 I Insulation Costs (equip. & piping) .09E $338,158 

5 P Piping .3 1E $1 , 164,766 

6 Q Labor for Installation of Piping .4OP $465,906 

7 F Electrical Installations .15E $563,597 

8 B Building including Services ---- $1,060,000 

9 Y Yard Improvements . 1 OE $375,73 1 

10 S Service Facilities .55E $2,066,521 

D Direct Plant Cost Sum of 1-10 $1 1,783,363 

11 ES Engineering & Supervision .60E $2,254,386 

12 C Construction Expenses .25E $939,328 

IP Indirect Plant Cost ES+C $3,193,714 

13 CF Contractor's Fee .OS(D+IP) $748,854 

14 co Contingency .20@+IP) $2,995,415 

FCI Fixed Capital Investment D+IP+CF+CO $18,721,345 

total estimated cost for these personnel during the first shift is approximately $4,800, or $14 per ton of 
soil treated, assuming a 70% utilization factor and a treatment rate of 336 tons/day. Therefore, the total 
labor cost for the first shift personnel (including the soil and sand receiving pads) is $17/ton of soil 
treated. 

It is anticipated that the second and third shifts require less personnel than the first shift for the 
heap leaching technology. The personnel for the second and third shifts of the heap leaching technology 
include the following: 1) a front-end loader operator, 2) 6 plant operators, 3) 1 radiation monitoring 
personnel, 4) 1 shift supervisor, 5 )  an employee who will perform various general activities associated 
with the treatment process, 6) 1 general maintenance employee, and 7) an electrician and an instrument 
technician. The total estimated cost for the second and third shifts for the labor involved in operating 
the heap leaching technology is approximately $4,500 each, or $13 per ton of soil treated (assuming a 
70% utilization factor). Therefore, the total labor cost to operate the heap leaching process is 
approximately $43 per ton of soil. The labor costs for this technology are less than those of the other 
treatment technologies, primarily due to the lack of a requirement for a soil receiving building. The 
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Table 11. Operating costs for heap leaching process 

: 

Class Description Unit UnitCost Qiy /Day Sub-Total 
.Ck!!!!c!!!!E!!?..Wte~??! sodimcamolate ton $381 .00 0.0 SO ........................................................................................................................................ 

SodimBicarbolate ton $416.00 0.0 SO 

HydrogenPcrcptjde h $0.50 101.0 $51 
................................................................................................................................................................................ 
............................................................................................................................................................................... 

52.00 1.5 $3 
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............................................... 
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estimated total dady operating cost of $97 per ton of soil treated for this process includes costs for raw 
chemicals and materials, labor, electricity, maintenance and repairs, operating supplies, fixed charges, 
and contingency. 

The life-cycle cost estimate for the heap leaching process, shown in Table 12, includes the FCI 
requirements and the estimated start-up costs in the first year (year 0) associated with a full-scale facility 
based on this process design. Also, since the heap leaching process design does not require the soil 
receiving building, FCI and operating costs for the soil receiving building were not included in the life- 
cycle cost estimate for this treatment technology. The yearly operating cost of $1 1,378,000 in years 1 
through 17 for this process is obtained by multiplying the daily operating cost by 350, the estimated 
number of days the full-scale facility is operated in a single year. The total estimated cost of $157 per 
ton of soil treated using the heap leaching process is based on the estimated life-cycle costs, comprised 
of the FCI, start-up expenses, and yearly operating costs, as well as the assumption of a 5% annual 
inflation rate for the 17 years of operation required to treat the estimated 2,000,000 tons of contaminated 
soil. 

Table 12. Life-cycle costs for heap leaching process 

FCI 
Start-up Cost 
Yearly Operating Cost 

Year 
0 
1 
2 
3 
4 
5 
6 
7 
8 
9 
10 
11 
12 
13 
14 
15 
16 
17 

rota1 Cost 

$18,721,345 
$1,872,135 
$1 1,378,266 

c o s t  
$20,593,480 
$1 1,378,266 
$1 1,947,180 
$12,544,539 
$13,171,766 
$13,830,354 
$14,521,872 
$15,247,965 
$16,0 10,363 
$16,810,882 
$17,65 1,426 
$18,533,997 
$19,460,697 
$20,433,732 
$21,455,418 
$22,528,189 
$23,654,599 
$24,837,329 

$3 14,612,053 
Cost/Ton $157 
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10. HIGH-GRADIENT MAGNETIC SEPARATION PROCESS 

Like the other treatment technologies, the HGMS process is based on an optimistic process 
performance as a basis for the engineering flow diagram and equipment selection. The engineering 
design developed by Brown & Root, Inc. is based on bench-scale studies conducted by principal 
investigators studyng this treatment technology. If adequate performance results from the bench-scale 
studies for the selected process concepts and the selection of equipment are supported by laboratory 
tests, the capital and operating cost estimates for this technology could be directly compared to the other 
treatment technologies (Sladic 1995). The coarse soil separation circuit for the HGMS process is very 
similar to the coarse soil separation process for the ABE, carbonatehicarbonate, and the tiron soil 
washing processes. The soil feed to the HGMS process is initiated by reclaim from the soil receiving 
building. The coarse soil separation circuit removes the oversize (+2mm) soil fiactions low in uranium 
contamination and produces 2 particle size fraction splits of feed slurry to the HGMS unit. Since the 
HGMS system requires relatively fine solid particles to work effectively, multiple size fiaction 
operations are performed on the soil slurry prior to introduction to the HGMS unit. A roll crusher, 
attrition scrubber, and hydrosizer are used to produce a fine soil size fiaction for feed to the HGMS unit. 
The HGMS unit consists of a porous magnetic matrix (possibly stainless steel wool) surrounded by a 
superconducting electromagnetic coil capable of creating an intensemagnetic field and cooled by a 
cryogenic system. Under such an intense magnetic field, paramagnetic compounds of relatively moderate 
magnetic susceptibility, such as uranium and uranium oxides, can be successfully separated from 
contaminated soils. Due to its superconducting properties, the HGMS unit consumes virtually no power. 
The HGMS process as a whole consumes approximately 19 kW (26 HP), primarily to operate the 
cryogenics compressor (Sladic 1995). 

The HGMS slurry processing scheme consists of two passes through the magnetic matrix for each 
of the 2 size fractions, a backflush following the 2 passes for each size fiaction, and an optional 
prelmnary forward scalping pass and back.tlush for each size fiaction for removal of materials with high 
magnetic susceptibility. For this preliminary study, the capacity of coarse and fine fiaction feed tanks 
and the HGMS recycle feed tank have been designed to provide a minimum of 30 minutes residence time. 
In actuality, Brown & Root, Inc. personnel responsible for developing the engineering flow diagrams for 
this technology stated that tank sizing should be determined by factoring in the HGMS system’s 
magnetic capture capacity and adding appropriate safety factors based on the volume of slurry and 
concentration of uranium in the slurry. However, this task was not performed due to time restrictions 
associated with the project. In terms of HGMS concentrate processing, the primary purpose of this step 
is to dewater the concentrate to minimize its volume to facilitate handling and disposal. The HGMS 
concentrate processing system consists of the HGMS concentrate thickener, the HGMS concentrate 
thickener underflow filter feed pump, a filter press, a filter cake hopper with screw type discharge auger, 
and an agitated decant water storage tank. The other processing stream that must be considered after 
treatment in the magnetic maxtrix is the one containing the HGMS tails. The purpose of the HGMS tails 
processing is very similar to that of the HGMS concentrate processing, except that the dewatered soils 
tails have most of the uranium concentration (to 4 0  ppm) removed and are returned to the site (Sladic 
1995). The HGMS tails processing equipment consists of the flocculant feed system, a static mixer, the 
HGMS fines thickener, a thickener underflow filter feed pump, a high-pressure belt-type filter, a filter 
cake hopper with screw type discharge auger, and an agitated recycle water tank. 
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The engineering flow diagram for the HGMS process is shown in Appendix A. The equipment 
costs for this system are shown in Appendix By Table B.4. The equipment on the front end of the 
process (coarse soil separation stage) is very similar to that required for the other technologies. 
However, the equipment requirements after the initial separation stage of the treatment process are fairly 
unique for this technolosy compared to the other technologies. The total equipment cost (E) is estimated 
at approximately $4,051,000. The most costly equipment for this system is the Eriez HGMS 
superconducting magnet, model SC 20-84, at an estimated cost of $1,900,000. This represents 
approximately 47% of the total equipment cost for the entire HGMS system. It is a commercial-size 
continuous feed unit which includes the coil, cryogenics, power supply, and controls. A fully-contained 
horizontal pressure filter, complete with leak sump and recycle pump, is estimated at $400,000. Other 
costly items for this technology include a recessed filter press at $223,000 and a 40-foot diameter , 
thickener at $180,000. 

Results of the FCI calculation for the HGMS process are shown in Table 13. Building costs for 
the HGMS process are based on the assumption of a 10,000 R2 treatment building with a partial 

Table 13. FCI for the High-Gradient Magnetic Separation (HGMS) process 

Item Symbol Description Formula Value 

1 E Equipment Costs E $4,05 1,400 

2 L Cost of Installation Labor .40E $1,620,560 

3 IC Instrumentation & Controls .13E $526,682 

4 I Insulation Costs (equip. & piping) .05E $202,570 

5 P Piping .16E $648,224 

6 Q Labor for Installation of Piping .4OP $259,290 

7 F Electrical Xnstallations .15E $607,7 10 

8 B Building including Services ---- $1,300,000 

9 Y Yard Improvements .10E $405 , 140 

10 S Service Facilities .55E $2,228,270 

D Direct Plant Cost Sum of 1-10 $1 1,849,846 

11 ES Engineering & Supervision .60E $2,430,840 

12 C Construction Expenses .25E $1,0 12,850 

IP Indirect Plant Cost ES+C $3,443,690 

13 CF Contractor's Fee .05@+IP) $764,677 

14 co Contingency .20@+IP) $3,058,707 

FCI Fixed Capital Investment D+IP+CF+CO $19,116,920 
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! 
second floor. Unit costs based on square footage requirements were used to estimate costs for the 
treatment building, building foundation, loading/unloading area, and parking area. The treatment 
building has an estimated cost of $400,000. Other costs associated with the treatment building, 
including the building and equipment foundations, a loadinghloading area, and a parking area result 
in a building cost of approximately $979,000. In addition, ventilation and dust control equipment will 
be required for the soil treatment building, including a dust collection system, baghouse system, and a 
highefficiency particulate air (HEPA) filter system. The dust collection system will be located primarily 
above the storage crib area, at an estimated cost of $100,000. Costs for the baghouse system and HEPA 
filter system are estimated at $170,000 and $60,000, respectively. This results in an estimate of 
approximately $1,300,000 for the HGMS soil treatment building. The direct plant cost for this process 
is estimated at $1 1,850,000. As in the case for the soil receiving building, engineering and supervision 
and contingency costs for all of the treatment technologies were estimated conservatively because of the 
experimental nature of this project. Indirect plant costs, consisting of construction expenses and 
engineering and supervision, for this system are approximately $3,444,000. Adding the contractor's fee 
and contingency of $765,000 and $3,059,000, respectively, to the direct and indirect plant costs results 
in a FCI of approximately $19,117,000 for the HGMS process. 

The daily operating costs associated with a full-scale treatment facility based on the HGMS 
process are shown in Table 14. Chemical consumption costs for this technology are estimated at $1 1 
per ton of soil treated. The labor requirements for this system include personnel requirements for the 
soil receiving building and the soil treatment building. As with the other treatment technologies 
requiring the soil receiving building, the dady labor costs for personnel during the fust, second, and third 
shifts, excluding excavation costs ($2.25/ton), is estimated at $12 per ton of soil treated. The derivation 
of this estimate is explained in detail in Section 6 of this report. The personnel for the first shift of the 
HGMS soil treatment building include the following: 1) 6 plant operators to operate the process 
equipment and conduct soil treatment activities, 2) 2 radiation monitoring personnel, 3) 2 shift 
supervisors, 4) an employee who will perform various general activities associated with the treatment 
process, 5) 2 general maintenance employees, and 6) an electrician and an instrument technician for the 
installation and maintenance of the process equipment and instrumentation used in the treatment process. 
The total estimated cost for the soil treatment building personnel during the first shift is $4,300, or $13 
per ton of soil treated, assuming a 70% utilization factor. 

As with all of the treatment technologies, Brown & Root, Inc. recommend less personnel would 
be required for the soil treatment building during the second and third shifts, compared to the first shift. 
The personnel for the second and third shifts of the HGMS soil treatment building include the following: 
1) 4 plant operators, 2) 1 radiation monitoring personnel, 3) 1 shift supervisor, 4) an employee who will 
perform various general activities associated with the treatment process, 5) 1 general maintenance 
employee, and 6) an electrician and an instrument technician The total estimated cost for the second and 
third shifts for the soil treatment building labor is $3,500 each, or $10 per ton of soil treated (assuming 
a 70% utilization factor). Therefore, the labor cost for the soil treatment building is approximately $33 
per ton of soil treated by the HGMS process. Adding the soil receiving building labor cost of $12/ton 
to this value results in a total labor cost of $45/ton of soil treated using this process. Total operating 
costs for the mil receiving building of $19 per ton were also included in the operating cost estimate since 
this building is required for this technology. The estimated total daily operating cost of $94 per ton of 
soil treated for the HGMS process includes costs associated with operating a full-scale treatment facility. 
This includes costs for raw chemicals, labor, electricity, maintenance and repairs, operating supplies, 
fmed charges, and contingency factor of 25%. 
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Table 14. Operating costs for HGMS process 

Contingency I Totsl 
Soil Receiving Building Tdpl 

$0.62 

$0.71 

$1.80 

$0.89 

$1,736.31 

$148.57 

$282.73 

$1,C92.40 
 day^ daV I $546.20 

!z.@?%L 
1632.0 

1584.0 

816 

43.2 

48 

16 

16 

8 

16 

8 

8 

32 

8 

8 

8 

8 

8 

8 

32 

8 

8 

8 

8 

8 

8 

16ooo 
1 
1 

1 

1 

1 

1 
1 

Sub-Total 
1011.8 

11 24.6 

$1,469 

$38 

$1,637 

$655 

5126 
$273 

$436 

5266 
5266 

$1.364 

$409 

$454 
$341 

$273 

$332 

$332 

$1,364 

16409 
$441 
$341 

$273 

$332 

$332 

$1.280 
$1,736 

$1 49 

$283 

$1.092 
$546 

$4,990 
$6,483 

Total Dnily Operating Coat 

The lifecycle cost estimate for the HGMS process is shown in Table 15. Costs in the first year 
bear 0) include the FCI estimate of the soil receiving building and the HGMS soil treatment building, 
as well as the estimated start-up costs for a ftll-scale facility based on the process design. The yearly 
operating cost of approximately $1 1,001,000 in years 1 through 17 for this process is obtained by 
multiplying the daily operating cost by 350, the estimated number of days the full-scale facility is 
operated in a single year. The total estimated cost of $154 per ton of soil treated using the HGMS 
process is based on the estimated life-cycle costs, comprised of the FCI, start-up expenses, and yearly 
operating costs, as well as the assumption of a 5% annual innation rate. 

11. TIRON SOIL WASHING SYSTEM 

The coarse soil separation stage of the tiron system is identical to that of the ABE and 
carbonatebkarbonate vat extraction processes. In general, the equipment requirements for the tiron and 
carbonatehicarbonate vat extraction processes are very similar, In fact, the engineering designs for the 
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Table 15. Life-cycle costs for HGMS process 

TCI (20 tons/hr) $21,2 67,420 
Start-up Cost $2,126,742 
[early Operating Cost $11,000,590 

Year I c o s t  
$23,394,16 1 
$11,000,590 
$11,550,620 
$12,128,151 
$12,734,558 
$13,37 1,286 
$14,03 9,850 
$14,741,843 
$15,478,935 
$16,252,882 
$17,065,526 
$17,9 18 , 802 
$18,8 14,742 
$19,755,479 
$20,743,253 
$21,780,4 16 
$22,869,437 
$24,012,909 

'otal Cost $307,653,440 
1 ost/T on $154 

tiron and carbonatehicarbonate systems are virtually identical, with the exception of the lixiviant used 
during the leaching stage and the filtration equipment used in the leaching stage of the process. 
Appendix A provides the engineering flow diagram for the tiron soil washing system. The equipment 
costs for the tiron system are shown in Appendix B, Table B.5. The total equipment cost (E) for this 
system is estimated at approximately $6,085,000. However, this value does not include the cost of any 
equipment required for effluent treatment. The lixiviant bleed stream at the end of the treatment system 
must be processed at an eMuent treatment plant. The equipment requirements for this system are very 
similar to the carbonatehicarbonate vat extraction process. Although the fixed bed ion exchange 
columns are the same size and type as those required for the carbonatehicarbonate system, a total of 9 
are req- for the tiron system, whereas 6 are required for the carbonate system. The total cost for these 
ion exchange system columns (including resin inventory) is approximately $1,900,000. Rather than 
using 2 vacuum belt filters as in the carbonatehicarbonate system, 4 horizontal pressure filters, at a total 
estimated cost of $1,600,000, are required to filter leach train slurries for the tiron system. Whereas 2 
sand filters are required for the carbonatehicarbonate system, 4 are required for the tiron soil washing 
system, at a total estimated cost of approximately $400,000. The multi-media sand filters filter 
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suspended solids out of the ion exchange feed material prior to the ion exchange columns. Both the 
carbonatehicarbonate, ABE, and tiron systems require 2 drum scrubbers at a total of approximately 
$240,000. 

The results of the FCI calculation for the tiron soil washing system are shown in Table 16. 
Building size requirements for the tiron soil washing system are the same as those of the 
carbonatehicarbonate vat extraction process. Therefore, the buildmg costs for both treatment 
technologies are the same, estimated at approximately $1,600,000. The direct plant cost for the tiron 
soil washing system is approximately $17,496,000. Total indirect plant costs, consisting of construction 

Table 16. FCI for tiron soil washing system 

Item Symbol Description Formula Value 

1 E Equipment Costs E $6,104,560 

2 L Cost of Installation Labor .40E $2,441,824 

3 IC Instrumentation & Controls .13E $793,593 

4 I Insulation Costs (equip. & piping) .05E $305,228 

5 P Piping .16E $976,730 

6 Q Labor for Installation of Piping .4OP $390,692 

7 F Electrical Installations .15E $9 15,684 

8 B Building including Services ---- $1,600,000 

9 Y Yard Improvements .10E $6 10,456 

10 S Service Facilities .55E $3,357,508 

D Direct Plant Cost Sum of 1-10 $17,496,274 

11 ES Engineering & Supervision .60E $3,662,736 

12 C Construction Expenses .25E $1,526,140 

IP Indirect Plant Cost ES+C $5,188,876 

13 CF Contractor's Fee .05(D+IP) $1 , 134,258 

14 co Contingency .20(D+IP) $4,537,030 

FCI Fmed Capital Investment D+IP+CF+CO $28,356,438 

expenses and engineering and supervision, are $5,189,000. Adding the contractor's fee and 
contingency of $1,134,OO.O and $4,537,000, respectively, to the direct and indirezt plant costs results 
in an FCI value of approximately $28,356,000 for the tiron soil washing system. 
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The daily operating costs associated with a Ml-scale treatment facility based on the tiron soil 
washing system are shown in Table 17. With the exception of the ABE process, the chemical costs 
associated with this technology are much higher than those of the carbonate/bicarbonate, HGMS, and 
heap leaching technologies. Presently, the cost of tiron fiom distributors ranges fiom approximately $38 
to $41 per 100 grams, or $172 to $186 per pound of tiron. However, the cost of tiron used for these cost 
estimates is estimated much lower, at $8 per pound. Although tiron is presently not available in bulk 
quantities, a chemical company representative stated that tiron could be produced in bulk quantities for 
this price. However, this value is very preliminary because it is based only on phone conversations with 
the representative, which makes the accuracy of this quote highly uncertain. Based on the unit cost of 
$8/lb, tiron costs represent over 93% of the total chemical cost for the daily operation of this technology. 
According to the mass chemcial balance for the tiron soil washing process prepared by Brown & Root, 
Inc., 2,000 pounds of tiron per day are required to produce a 20 tons per hour soil process rate. 
Obviously, the cost for bulk quantities of tiron plays a very important role in the operating costs, and 
thus, the life-cycle costs, associated with this technology. 

The labor requirements for the tiron system are the same as that required for the 
carbonatehicarbonate system because equipment requirements for both systems are very similar. The 
labor requirements for this system include personnel requirements for the soil receiving building and the 
soil treatment building. As with the other treatment technologies requiring the soil receiving building, 
the dady labor costs for personnel during the &st, second, and third shifts, excluding excavation costs 
($2.25/ton), is estimated at $12 per ton of soil treated. Like the carbonatehicarbonate system, the total 
estimated cost for the tiron soil treatment building personnel during the f is t  shift is $5,100, or $15 per 
ton of soil treated, assuming a 70% utilization factor. Based on the 70% utilization factor, 336 tons/day, 
rather than 480 tons/day (20 tonshour x 24 hrdday) of contaminated soil can be treated for all of the 
treatment technologies because all were designed assuming a treatment process rate of 20 tonshour and 
a utilization factor of 70%. 

The total estimated cost for the second and third shifts for the soil treatment buildmg labor is 
$4,500 each, or $13 perton of soil treated (assuming a 70% utilization factor). Therefore, the labor cost 
for the soil treatment building is approximately $41 per ton of soil treated by the tiron soil washing 
system. Adding the soil receiving building labor cost of $12/ton to this value results in a total labor cost 
for the carbonatehicarbonate vat extraction process of $53/ton of soil treated. Total operating costs for 
the soil receiving building of $19 per ton were also included in the operating cost estimate since this 
building is re@ for this technology. The estimated total daily operating cost of $168 per ton of soil 
treated for this process includes costs for raw materials, labor, electricity, maintenance and repairs, 
operating supplies, fixed charges, and contingency. 

The life-cycle cost estimate for the tiron system is shown in Table 18. First-year costs (year 0) 
include the sum of the FCI estimate for the soil receiving building and the tiron soil treatment building 
($30,507,000), as well as the estimated start-up costs for a fid-scale treatment facility. The yearly 
operating cost of $19,761,000 in years 1 through 17 for this process is obtained by multiplying the daily 
operating cost by 350, the estimated number of days the full-scale facility is operated in a single year. 
The cost to treat the contaminated soil at Femald using the tiron soil washing process is estimated at 
$272 per ton. This value is based on the estimated life-cycle costs, comprised of the FCI, start-up 
expenses, and yearly operating costs, as well as the assumption of a 5% annual inflation rate for the 17 
years of operation required to treat the estimated 2,000,000 tons of contaminated soil at the Fernald site. 
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Table 17. Operating costs for tiron soil washing system 

...................................................... 

....................................................... 
....... ..____ ......................................... 
....................................................... 
................................ _ _  ..................... 

..................... 
....................................................... 

12. SUMMARY 

To evaluate the economic feasibility of designing, constructing, and operating a 111-scale soil 
treafment facility, engineering designs and cost estimates for 5 treatment technologies to remove uranium 
fim the Fernald soil have been prepared. Engineering designs for the following treatment technologies 
were jointly developed by the principal investigators of each technology and personnel at Brown & Root, 
Inc.: the ABE process, carbonatehicarbonate vat extraction process, heap leaching process, HGMS 
process, and tiron soil washing system. In conjunction with the engineering design development, cost 
estimates for each technology were developed by ORNL. 
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Table 18. Life-cycle costs for tiron soil washing system 

TCI 
Start-up Cos t  
u'early Operating Cos t  

Year 
0 
1 
2 
3 
4 
5 
6 
7 
8 
9 
10 
11 
12 
13 
14 
15 
16 
17 

'otal Cos t  
iost/Ton 

$30,5 06,9 38 
$3,05 0,69 4 

S19.761.078 

c o s t  
$33,557,632 
$19,76 1,078 
$20,749,132 
$21,786,589 
$22,875,918 
$24,019,714 
$25,220,700 
$26,48 1,735 
$27,805,822 
$29,196,113 
$30,655,918 
$32,188,714 
$33,798,150 
$35,488,058 
$37,262,460 
$39,125,583 
$41 ,OS 1,863 
$43,135,956 

$544,191,136 
$272 

The cost estimates for these treatment technologies have been completed in three steps. The first 
step was to calculate the FCI, which represents the one-time capital investment needed to supply the 
necessary full-scale manufacturing and plant facilities for each soil treatment technology. This was 
accomplished by first estimating the costs for the process equipment (E) required for each technology, 
and (E) was then used to estimate costs for various components of the FCI. The second step was to 
develop the operational costs associated with a full-scale treatment facility for each technology. 
Operating costs occur throughout the life of the project. The third step was to estimate the life-cycle 
costs to treat the estimated 2 million cubic yards of contaminated soil at the Fernald site using a full-scale 
treatment facility based on each treatment technology. This report documents this three-step process in 
developing the cost estimates associated with each treatment technology. For all of the treatment 
technologies with the exception of the heap leaching process, a soil receiving building to store the 
contaminated soil before treatment is required. The costs to construct and operate the soil receiving 
building were included in the cost estimates for these treatment technologies. The total equipment cost, 
FCI, operating cost per ton of soil treated, and the life-cycle cost to treat a ton of soil for each treatment 
technology are summarized in Table 19. 



Table 19. Summary of treatment technology cost estimates 

Life-Cycle 
Investment CostITon Cosflon 

Treatment Technology Total Equipment Cost Fixed Capital Operating 

High-Gradient Magnetic 
Separation (HGMS) Process 

Heap Leaching Process 

CarbonateBicarbonate Vat 
Extraction Process 

Tiron Soil Washing System 

$4,05 1,000 $2 1,267,000 $94 $154 

$3,757,000 

$6,15 1,000 

$18,721,000 

$30,708,000 

$97 

$1 13 

$157 

$189 

W m 

$6,105,000 $30,507,000 $168 $272 

Aqueous Biphasic Extraction $4,585,000 $23,572,000 $173 $275 
(ABE) Process 
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The operating costs for each treatment technology contribute more towards the final life-cycle 
cost per ton values than the equipment and FCI costs. The operating costs are the cost driver for each 
technologies’ life-cycle costs because the operating costs occur over a 17-year timespan, whereas the 
equipment and FCI costs only occur in the h t  year of operation. The 17-year timespan is the estimated 
amount of time required to treat the 2,000,000 tons of contaminated soil at the Fernald site. However, 
the importance of the initial costs for equipment and FCI requirements for a full-scale treatment facility 
should not be diminished because many of the cost categories for the daily operating costs are based on 
these initial costs. 

The estimated equipment cost and FCI for the heap leaching process are the lowest of the 
treatment technologies considered. Even though the HGMS process has higher total equipment and FCI 
costs compared to the heap leaching process, the HGMS process is the most cost effective option to treat 
the uranium-contaminated soil at Femald The HGMS process, with a life-cycle cost of $154/ton, is the 
lowest of any of the technologies because it has the lowest operating costs. The life-cycle cost for the 
heap leaching process is only slightlyhigher than the HGMS process, at $157/ton of soil treated. Even 
though the HGMS process has the lowest life-cycle cost of the treatment technologies, more uncertainty 
about implementation to a full-scale facility to treat the Fernald soils exists for this technology. Limited 
data exists on the applicability of the HGMS process to the type of soil at the Fernald site. 

From a cost perspective, the most attractive option after the HGMS and heap leaching processes 
is the carbonate/bicarbonate vat extraction process, at an estimated life-cycle cost of $189/ton. Even 
though the equipment and FCI requirements for the carbonatelbicarbonate system are higher than the 
ABE and tiron processes, it’s life-cycle costs are lower than those of the ABE and tiron processes due 
to lower operating costs. Daily operating costs for the ABE and tiron soil washing processes are 
approximately 53% and 49% higher, respectively, than those of the carbonatelbicarbonate vat extraction 
process. This is primarily due to higher chemical costs associated with the ABE and tiron soil washing 
processes. The chemical costs used in the cost estimate for the tiron soil washing process may be 
somewhat optimistic because tiron is presently not produced in bulk quantities, and tiron costs are 
approximately $172 to $186 per pound. The cost of tiron used for the cost estimate in this report is $8 
per pound, based on phone conversations with a chemical company representative who felt that his 
company could produce tiron in bulk quantities for this price. Although the total equipment and FCI 
requirements are less for the ABE process compared to the tiron system, the life-cycle costs for the 2 
treatment technologies are approximately the same. The estimated operating costs for the ABE process 
are slightly higher than the operating costs for the tiron soil washing system. The life-cycle costs for a 
full-scale facility based on the tiron soil washing and ABE processes are $272 and $275 per ton, 
respectively. 

With the exception of building costs associated with each treatment technology, the FCI 
calculations in this report were estimated as a percentage of the process equipment cost for each process. 
Building costs were based on unit costs and estimates of square footage requirements provided by Brown 
& Root, Inc. personnel. The FCI requirements, startup expenses, operational costs, and life-cycle costs 
for a full-scale treatment facility were utilized to determine the treatment cost per ton of soil treated for 
each treatment technology, based on the estimated quantity of contaminated soil at the Femald site. The 
engineerkg flow diagrams and the cost estimates contained in this report are based on bench-scale study 
results and are considered prelimmiry because of the research and developmental nature associated with 
these 5 technologies. These cost estimates are defined as study estimates and are based on the 
knowledge of major items of equipment associated with each treatment technology. Study estimates 
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normally have an accuracy of plus or minus 30%. However, the positive spread may be wider than the 
negative in this report due to the experimental nature of this project, as well as preliminary design 
requirements and specifications for the processes. Therefore, the plus or minus 30% accuracy rate for 
our study estimate may in fact be +40% to -20%. 
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APPENDIX A 

ENGINEERING FLOW DIAGRAMS FOR 
SOIL TREATMENT TECHNOLOGIES 

DEVELOPED BY BROWN & ROOT, INC. 
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APPENDIX B 

EQUIPMENT COST ESTIMATES FOR 
SOIL TREATMENT TECHNOLOGIES 





Description of source column for the tables in Appendix B: 

1) Vendor information or quote 

2)  Process Plant Construction Estimating Standards, Richardson's Engineering Services, Inc., 1994 
Edition. 

3) Mining and Mineral Processing Equipment Costs and Preliminary Capital Cost Estimations, 
Published by the Canadian Institute of Mining and Metallurgy, Volume 25. 

1 4) Means Site WorkandLundscape Cost Data, RS. Means Company, Inc., 12th Annual Edition, 1993. 

5) Cost estimating personnel at Brown & Root, Inc. 

6) Plant Design and Economics for Chemical Engineers, 4th Edition, Max S. Peters and Klaus D. 
Timmerhaus, 199 1. 
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1 
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14 
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20 
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Source 
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1 
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1 

1 
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1 
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5 
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- 
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Table B.l 
Equipment List for 

Aqueous Biphasic Extraction Process 

Item Description 

Grizzly Feed Conveyor (@ $600/lt) 

Dry g r / d Y  

Drum Scrubber 1 with trommei screen 

D m  Scrubber 2 with trommel screen 

O/S Soil Transport Conveyor (@ $600/A) 

Washing & Dewatering Screen (6' x 8' screen deck) 

Slurry Pump and Sump (1 pump & 1 standby, 150 gprn & 50 TDH) 

Agitated Holding Tank (15,000 gallon carbon steel shell) 

Holding Tank Mixer (1 5 HP motor, 72 in dia. impellor) 

Fced Pumps'(centrifugal, 250 gpm max, output, 65 ft TDH, 20 HP) 
Vibrating Screen (48 in. x 96 in. with 3.5 HP motor) 

Static Mixer I (1.5 in. x 18 in., 316 SS shell, 50 gpm) 

Static Mixer 2 (4 in. x 24 in., 3 16 SS, 300 gpm) 

Dry Flocculant HopperlFeeder (.65 Ib fldton soil solids, 5 cu A hoppex) 

Flocculant Mix Tank (1000 gallons, 6' dia. x 6 A h, 3 16 SS, mixer bridge) 

Flocculant Mix Tank Agitator (5 HP motor, 30 in impellor, variable speed) 

Flocculant Metering Pump (dual diaphragm, 0-1 60 gpm, 2 HP var. motor) 

PEG Thickener (250 gpm feed, 28 ft dia., 10 A high, with rake, I5 HP) 

PEG Makeup Tank (6' x 8' cyl. tank, 1000 gal., 316 SS, mixer bridge) 

PEG Makeup Tank Agitator (5 HP vac. sp. motor, 30 in dia impellor) 

Cost/Unit - 

$60,000 

$40,000 

$90,000 

$150,000 

$60,000 

$40,000 

$7,000 

$30,000 

$14,600 

$9,000 

$4 0,O 0 0 

$1,500 

$5,000 

$15,000 

$4,000 

$10,000 

$17,500 

$150,000 

$4,000 

si 10,000 

Quantity 

1 

1 

1 

1 

1 

1 

2 

1 

1 

2 

1 

1 

1 

1 

1 

1 

1 

1 

1 

1 

Total Cost 

$60,000 

$40,000 

$90,000 

$ 150,000 

$60,000 

$40,000 

$14,000 

$30,000 

$14,600 

$18,000 

$40,000 

$1,500 

$5,000 

$15,000 

$4,000 

$10,000 

$17,500 

$150,000 

$4,000 

$ 10,000 
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Item 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

37 

38 

39 

40 
7 

Source 

I 

5 

1 

5 

1 

1 

1 

1 

1 

1 

1 

1 

1 

5 

1 

1 

1 

1 

1 

1 
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- 

Table B.1 
Equipment List for 

Aqueous Biphasic Extraction Process 

- 
Item Desen'doa 

PEG Makeup Pump (centrifugal, 200 gjm, 65' head, I5 HP) 
PEG Recycle Tank (9,000 gallons max., 4,500 gpm WV, 12'D x 12' H) 

PEG Recycle Pumps (centrifugal, 225 gpm, 65' head, 15 Hp) 

PEG Repulp Tank (6' x 8' cyl. tank, 1000 gal. WV, 3 16 SS, mixer bridge) 

Karr Columns (6' D x 10' H, rotating 5 HP drive, 340 gpm net flow) 

Karr Column PEG U/F Pumps (centdbgal, 350 gpm, 65' head, 20 HP) 

StaticMixer3 (150gpmmax,316SS) 

Salt Phase Thickener (20' dia., 8' sidewalls, rake, 10 HP) 

PEG Thickener Underflow Pumps (dual diaphragm, 0-75 gpm, 100 psi@ 

Salt Thickener Underflow Pumps (dual diaphragm, 0-20 gpm, 100 psig) 

Recess4 Plate Concentrate Filter (plate filter press, 27.3 cu A capacity) 

Horizontal Pressure Filters (LAROX PF-16, belt type, 409 sq A FA, 25 HP) 

Washed Soil Conveyor (@ $600/A) (24 in x 100 L, 4 in sidewalls) 

Salt/Methanol Mix Tank (8' x 8' cyl. tank, 2000 gallon WV, 3 16SS) 

PEG Repulp Tank Agitator ( 10 HP motor, 42 in dia impellor) 

Salthleth. Thickener Feed Pumps (cent&@, 350 gpm m., 65' head) 

# 

Static Mixer 4 (250 gpm max, 3 16 SS) 

Salt/Mtthanol Thickener (20' dia, 8' sidewalls, rake, 10 HP) 

Salt/Methanol Thickener Undernow Pumps (dual diaphragm, 0-20 gpm) 

Recessed Plate Precipitate Filters (plate filter press, 54.6 cu ft capacity) 

CostNnit 

$5,000 

$18,000 

$5,000 

$4,000 

$380,000 

$9,000 

$4,500 

$95,000 

$5,000 

$2,500 

$40,000 

$400,000 

$60,000 

$8,000 

$13,500 

$9,000 

$4,500 

$95,000 

$2,500 

$50,000 

Quantity 

1 

' 1  

2 

1 

5 

2 

1 

1 

2 

2 

1 

2 

1 

1 

1 

2 

1 

1 

2 

2 

- Total Cost 

$5,000 

$18,000 

$10,000 

$4,000 

$1,900,000 

$18,000 

$4,500 

$95,000 

$10,000 

$5,000 

$40,000 

$8 0 0,O 0 0 

$60,000 

$8,000 

$13,500 

$18,000 

$4,500 

$95,000 

$5,000 

$100,000 
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Table B.l 

Item Source Item Description Cost/Unit Quantity Total Cost 

61 1 Repulped Karr Column F d  Pumps (centdbgal, 350 gpm max, 65' head) $9,000 2 $lS,OOo 

Total Equipment Cost $4,!585,100 

Equipment List for 

k 

Aqueous Biphasic Extraction Process 
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Table B.2 
Equipment List for 

Carbonate/Bicarbonate Vat Extraction Process 

Item Descrintion 

Clarifier OR D m t  Tank (10' D x 10' H cy1 tank, 6000 gal. WV, 316 SS) 

Precoat Filter Feed Pump (transfer pump, 316 SS casing, 100 TDH, 5 HP) 

Ptecoat Filter (50 sq A unit area, pressure leaf filter, 50 gpm flow) 

Filter Prccoat Pump (transfer, 2 in x 1.5 in, 6 in dia. impellot, 5 HP, 75 gpm) 

Precoat Mix Tank (48 in D x 54 in H steel tank, 16 in dia. propellor) 

Carbonate Reagent Makeup Tank (6' x 8' cyl. tank, 1000 gal. WV, 3 16 SS) 

Carbonate Reagent Tank Agitator (5 HP, 30 in dia. impellor, 0-100 rpm) 

Bulk Carbonate Storage Containers (3 16 SS, 6 cu yd, 6' x 6' x 69 

Bulk Salt Screw Feeder (5 cu A hopper, volumelric fder )  

Bulk Salt Storage Containers (tote type, 3 16 SS, 6 cu yd, 6' x 6' x 6') 

Strip Solution Makeup Tanks (1 5000 gallon max WV, carbon steel) 

Strip Sol. Feed Pumps (transfer, 2 in x 1.5 in, 6 in dia. imp., 5 HP, 100 TDH) 

Uranium Peroxide Clarifier UiF Pumps (10 gpm max, 50 TDH, 2 HP) 

Recessed Plate Precipitate Filter (plate filter press, 5 HP, 27.3 cu. ft cap.) 

Bulk CarbonateBicarbonate Screw Feeders (5 cu. ft. hopper) 

I( 

CostAJnit 

$45,000 

$4,500 

$42,000 

$4,500 

$7,910 

$4,000 

$1 0,000 

$3,500 

$15,000 

$3,500 

$25,000 

$7,500 

$5,900 

$40,000 

$15,000 

Quantity 

1 

2 

1 

1 

I 

1 

1 

12 

1 

6 

2 

2 

2 

1 

2 

- Total Cost 

$45,000 

$9,000 

$42,000 

$4,500 

$7,9 10 

$4,000 

$10,000 

$42,000 

$15,000 

$2 1,000 

$50,000 

$15,000 

$11,800 

$40,000 

$30,000 

Total Eauipment Cost $6,151,060 
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Table B.3 
Equipment List for 

Heap Leaching Process 

Item Description 
~ ~~ ~- 

Bicarbonate Reagent Tank Agitator (5 HP VS motor, 0-100 RPM) 

Bulk Carbonate Storage Containers (3 16 SS, 6 cu yd cap., 6 ft x 6 ft x 6 ft) 

Bulk Bicarbonate Screw Feeders (5 cu ft hopper, var. sp., volumetric feed) 

Bicarbonate Reagent Metering Pump (0-210 gph, 2 HP, var. sp. drive) 

Liquid Caronic Storage Tank (truck trailer, 3,000 gal., rubber lined) 

Cross-Country Pad Loading Conveyor (30 in x 730 ft, VS, covered, $300/ft) 

Pad Loading Portable Conveyors (30 in. W x 50 A. L, FS drive, $300/ft) 

Pad Unloading Portable Conveyors (30 in. W x 50 A. L, FS drive, $210/ft) 

Cross-Country Pad Unloading Conveyor (30 in W x 730 A L, cover, $274/ft) 

Leachate Piping (1 lot, various lengths & sizes of HDPE piping) 

Leachate storage Ponds (150' x 50' x IO' D, $3.50/sq ft, 23,000 sq A HPDE) 

Pregnant Leachate Storage Tank (IVD x 10' H cyl. tank, 5000 gal. WV, CS) 

Recycle Lixiviant Storage Tank (10'D x 10'H cyl. tank, 5,000 gal. WV, CS) 

Filter Backwash Tank (IVD x 10'H cyl. tank, 5,000 gal. WV, CS shell) 

Sand Filters (3'D x 8'H cyl. tank, 65 psig, sandax1 media, CS, with pumps) 

Pregnant Lix. Feed Pumps (centrifbgal, 60 gpm, 65' TDH, 5 HP) 

Recycle Lixiviant Pumps (centrifugal, 60 gpm, 65' TDH, 5 HP) 

Recycle Bleed Pumps (centdhgal, 60 gpm, 65' TDH, 5 HP, VS drive) 

Ion Exchange Feed I Tank (10'D x IO'H cyl. tank, 5,000 gal. WV, CS shell) 

Ion Exchange Feed Pump (Ctntitigal, 40 gpm, 50 psig ma, 7.5 HP, VS) 

CostNnit 

$10,000 

$3,500 

$15,000 

$1 7,500 

$20,000 

$219,000 

$15,000 

$10,500 

$200,000 

$70,000 

$26,250 

$10,000 

$10,000 

$ 10,000 

$37,000 

$6,500 

$6,500 

$6,500 

$10,000 

$6,500 

~~ 

Quantity 

1 

12 

2 

2 

1 

1 

4 

4 

1 

I 

4 

1 

1 

1 

2 

2 

2 

2 

1 

2 

- Total Cost 

$10,000 

$42,000 

$30,000 

$35,000 

$20,000 

$219,000 

$60,000 

$42,000 

$200,000 

$70,000 

$105,000 

$10,000 

$10,000 

$10,000 

$74,000 

$13,000 

$13,000 

$13,000 

$10,000 

$13,000 
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Table B.3 
Equipment List for 

Heap Leaching Process 

Item Description 

Carban Guard Column (5'D x 811 cy;. tank, 2 tanks/skid, I train, 2 stage) 

M System Columns (2 trains, fixed bed, 5'D x 8'H cy1 tank, 316 SS, inc. resin) 

Carbon Regenerate Tank ( L O P  x 1O'H cyl. tank, 5,000 gal. WV, CS shell) 

Air Compressors (150 psi& 150 SCFh4 capacity, 50 HP reciprocating type) 

Carbon Regenerate Pump (centrifbgal, 60 gpm, 65' TDH, 5 HP) 

IX Pregnant Solution Tank (10'D x 1O'H cyl. tank, 5,000 gal. WV, 316L SS) 

Concentrated HCI Storage Tank (buck trailer, 3,000 gal. rubber lined, CS) 

Acid Metering Pumps (dual diaphragm, 0-160 gph, 2 HP, var. spd.) 

Peroxide Metering h p s  (dual diaphragm, 0-12 gph, 0.75 HP, var. spd.) 

NaOH Metering Pumps (dual diaphragm, 0-12 eph, 0.75 HP, var. spd.) 

Peroxide precipitation Reactor Tank (386 gal. WV, 48"~48"~54"H, HDPE) 

Peroxide Precip. Tank Agitators (5 HP VS low shear motor, 0-100 RPM, ) 

Pregnant Solution Metering Pump (dual diaphragm, 0-210 gph, 2 HP, VS) 

Precipitated U Sluny Pump (centrifugal, 20 gpm, 65' TDH, 2 HP, VS) 

Uranium Peroxide Claritier/Ihckener (1 O'D, 6' cyl. walls, 7.5 HP, 3 16L SS) 

Clarifier O/F Decant Tank (1 O'D x 1 O'H cyl. Eank, 6,000 gal. W, 3 1 6SS) 

Precoat Filter Feed Pump (1 00' TDH, 75 gpm, 5 Hp, 3 16 SS casing) 

Precoat Filter (50 sq. ft. unit, pressure leaffilter, 50 gpm flow) 

Filter Precoat Pump (75 gpm, 5 HP, 100' TDH, 316 SS casing) 

&coat Mix Tank (48"D x 54"H mild steel tank With fixed speed agitator) 

L 

CostNnit 

$85,000 

$97,200 

$15,000 

$48,500 

$9,500 

$27,000 

$20,000 

$20,000 

$ 1 0,000 

$10,000 

$3,500 

$10,000 

$17,500 

$4,500 

$63,750 

$45,000 

$4,500 

$42,000 

$4,500 

$7.910 

Quantity 

1 

2 

2 

2 

2 

2 

1 

2 

2 

2 

5 

5 

2 

2 

1 

1 

2 

1 

1 

1 

- 

- 

Total Cost 

$85,000 

$194,400 

$30,000 

$97,000 

$19,000 

$54,000 

$20,000 

$40,000 

$20,000 

$20,000 

$1 7,500 

$50,000 

$3S,OOO 

$9,000 

$63,750 

$45,000 

$9,000 

$42,000 

$4,500 

$7,9 1 0 
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Table B.4 
Equipment List for 

Eigh-Gradient Magnetic Separation 

Item Description 

Grizzly Feed Conveyor (24 in. W x 100' L at $600/fi) 

Wet Grizzly (6' x 8', 40 HP) 

Rotary Drum Scrubber No. 1 (4' D x 6' L, 40 HP) 

Rotary D m  Scrubbert No. 2 (6'D x 8Z, 60 HP) 

Coarse Soil Conveyor (24 in, W x 100' L, 10 HP) 

Live Bottom Sump & Pump (300 gpm, 50' TDH, 20 HP) 

Washing & Dewatering Screen (6' x 8' screen deck, 10 HP) 

Sizing Screen No. 1 (154 gpm, 4' x 8' deck) 

Roll Crusher 12 in. x 8 in. crushing rolls, 5 HP, incl. feed hopper) 

Agitated Holding Tank (15,000 gal. WV, 14'D x 16' high, carbon steel) 

Holding Tank Agitator (1 5 HP motor, 56 rpm, 72 in &a. SS impellor) 

Sizing Screen No. 2 Feed Pumps (325 gpm output, 65' TDH, 20 Hp) 

Sizing Screen No. 2 (165 gpm, 4' x 8' deck, mdtifeed screens) 

Attrition Scrubber (2 cell scrubber, 5 minute retention the,  30 HP) 

Sizing Screen No. 3 (65 gpm, 4' x 5' deck, single screen) 

Hydlrosizer Feed Holding Tank (15,000 gal. WV, 14'D x 16' H, carbon steel) 

Hydrosizer Feed Tank Agitator (1 5 HP motor, 56 rpm, 72 in. &a. impellor) 

Hydrosizer Feed Pumps (410 gpm max. output, 55' TDH, 20 HP) 

Hydrosizer (100 to 300 tph capacity, 50 HP) 

Coarse Fraction Fed Tank (1 1,500 gal. VW, 12'D x 15'H, carbon steel) 

b 

costnrnit 

$60,000 

$45,000 

$90,000 

$150,000 

$60,000 

$22,500 

$40,000 

$30,000 

$15,600 

$25,000 

$14,600 

$9,500 

$34,000 

$36,000 

$33,000 

$25,000 

$14,600 

$9,500 

$56,000 

$23,000 

Quantity 

1 

1 

1 

1 

1 

2 

1 

1 

1 

1 

1 

2 

1 

1 

1 

1 

1 

2 

1 

1 

- Total Cost 

$60,000 

$45,000 

$90,000 

$150,000 

$60,000 

$45,000 

$40,000 

$30,000 

$15,600 

$25,000 

$14,600 

$19,000 

$34,000 

$36,000 

$33,000 

$23,000 

$14,600 

$19,000 

$56,000 

$23,000 
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Table B.4 
Equipment List for 

High-Gradient Magnetic Separation 

Item Description 

Fine Fraction Fad Tank (1 1,500 gal. VW, 12D x 15W, carbon steel) 

Fraction Feed Tank Agitators (15 HP motor, 56 rpm, 72 in. dia impellor) 

HGMS Feed Pumps (centrifugal, 325 gpm, 65' TDH, 20 HP) 

High Gradient Magnetic Separator (HGMS) System (26 HP) 

HGMS concentrate Thickener (IT dia., 10' depth, 3 HP) 

Concentrate Thickener U/F Filter Feed Pump (100' TDH, 5 HP, 75 gpm) 

Filter Press (260 total cu. A. capacity, 30 HP, 135-32 in. x 32 in. plates) 

Decant Water Storage Tank (12,700 gal. WV, 12'D x 16' H, carbon steel) 

Decant Water Tank Agitator (10 HP motor, 56 rpm, 54 in. dia. impellor) 

Backflush Pump (cenagal, 200 gpm, 65' TDH, 10 HP) 

HGMS Recycle Feed Tank (1 1,500 gal. WV, 12'D x 15'H, carbon steel) 

HGMS Recycle Feed Tank Agitator (15 HP, 56 rpm, 72 in dia impellor) 

HGMS Recycle Feed Pump (325 gpm, 65' TDH, 20 HP) 

Static Mixer 1 (350 gpm, 3 I6 SS, 24 element intemals) 

HGMS Tails Thickener (40 A; dia., 10' depth, 7.5 HP) 

Tails Thickener U/F Filter Feed Pump (50' TDH, 200 gpm, 5 HP) 

Pressure Filter (LAROX, 409 sq. tt., 2 filters, 18 tph soil cap., 50 HP) 

Recycle Water Tank (1 1,500 gal. WV, IZ'D x WH, carbon steel) 

Recycle Water Tank Agitator (1 5 HP motor, 56 rpm, 72 in. dia. impellor) 

Recycle Water Pumps (txnlrifbgal, 500 gpm, 50' "DH, 20 HP) 

II 

Cost/Unit 

$23,000 

$14,600 

$9,500 

$1,900,000 

$77,000 

$4,500 

$223,000 

$25,000 

$12,500 

$10,000 I 

$23,000 

$14,600 

$9,500 

$5,000 

$180,000 

$4,500 

$400,000 

$23,000 

$14,600 

$12,500 

Quantity 

I 

2 

2 

1 

1 

1 

1 

1 

1 

1 

1 

1 

1 

1 

1 

2 

1 

1 

1 

2 

- Total Cost 

$23,000 

$29,200 

$19,000 

$1,900,000 

$77,000 

$4,500 

$223,000 

$25,000 

$12,500 

$10,000 

$23,000 

$14,600 

$9,500 

$5,000 

$1 80,000 

$9,000 

$400,000 

$23,000 

$14,600 

$25,000 





- 
Item - 

41 

42 

43 

44 

45 

46 

47 

48 

49 

50 

51 

52 

53 

54 

Table B.4 
Equipment List for 

High-Gradient Magnetic Separation 

Item Description 

Dry Sur!%ctant FderRIoppcr (5.0 cu. b. hopper, 5 Kp) 

Sudbctant Solution Holding Tank (8'D x IO'H, cyl. tank, 3,000 gal. WV, CS) 

Surfactant Solution Tank Agitator (7.5 HP, 0-100 RPM, 48 in. dia. impellor) 

Surfhint Feed Pumps (dual diaphratn, 0-210 gph, VS drive, 2 HP) 

Dry Dithionate Fder/Hopper (5.0 cu. ft. hopper, 5 HP) 

Dithionate Solution Holding Tank (8'D x 10'H cyl. tank, 3,000 gal. WV, CS) 

Dithionate Solution Tank Agitator (7.5 HP VS motor, 0-100 RPM) 

Dithionate Feed Pumps (dual diaphram, 0-2 10 gph, VS drive, 2 HP) 

Dry Flocculant FeededHopper (5.0 cu. R hopper, 5 HP) 

Flocculant Holding Tank (8'D x 1 O'H cyi. tank, 2,000 gal. WV, CS) 

,Flocculant Holding Tank Agitator (7.5 Hp, 0-100 RPM) 

Flocculant Metering Pump (dual diaphram, 0-210 gph, VS drive, 2 HP) 

Static Mixer 2 (1 00 gpm, 12 element internals, 3 16 SS) 

Static Mixer 3 (350 gpm, 24 element hternals, 316 SS) 

I' 

CostNnit 

$15,000 

$6,000 

$1 1,000 

$17,500 

$15,000 

$6,000 

$11,000 

$17,500 

$15,000 

$5,000 

$11,000 

$17,500 

$2,200 

$5,000 

Quantity 

1 

1 

1 

2 

1 

1 

1 

2 

1 

1 

1 

1 

1 

1 

Total Cost 

$15,000 

$6,000 

$11,000 

$35,000 

$15,000 

$6,000 

$11,000 

$35,000 

$15,000 

$5,000 

$11,000 

$17,500 

$2,200 

$5,000 

Total Equipment Cost $4,051,400 
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Table B.5 
Equipment List for 

Tiron Soil Washing System 

Descridon 

Repulp Tank 1 (6' x 8' cyl. tank, 1000 gal. WV, 316 SS) 

Repulp Tank 1 Agitator (7.5 HP, 30 in dia. impellor, 0-100 rpm) 

Repulped Leach Feed Pumps (centdbgal, 400 gpm max output, 65' TDH) 

Reactor Tanks 4-6 (IS' D x 18' H, 19,500 gal. WV, carbon steel) 

Reactor Tank Agitators (15 HP motor, 56 zpm, 72 in dia. impellor) 

Filter Feed Pumps ( m a g a l ,  400 gpm, 65' TDH, 25 HP) 

Static Mixer 3 (2 in x 18 in, 316 SS, 100 gpm) 

StaticMixer4(4inx24in,35Ogpm,316SS) 

Horizontal Pressure Filters 2 (LAROX Model PF-16,409 sq A filter area) 

Washed Soil Conveyor (24 in W x 100 A L) 

Liquid Qxygen Storage Tank & Evaporator (Leased, covered in oper. cost) 

Filtrate 1 Storage Tanks (14' D x 20' H cy1 tank, 20000 gal. WV, carbon steel) 

Filtrate 2 Storage Tank (14' D x 20' H cy1 tank, 20000 gal. WV, carbon steel) 

Filtrate 3 Storage Tank (14' D x 20' H cy1 tank, 20000 gal. WV, carbon steel) 

Recycle Lixiviant Storage Tanks (14' D x 20' H cy1 tank, 20000 gal. WV, CS) 

Filter Backwash Tank (IO' D x 10' H cy1 tank, 4500 gal. WV, carbon steel) 

Sand Filters (IO' D x 10' H cy1 tank, carbon steel) 

Filtrate 1 Feed Pumps (centifugal, 400 gpm max., 65' TDH, 20 HP) 

Filtrate 2 Recycle Pumps (centifugal, 400 gprn max, 65' TDH, 20 HP) 

Filtrate 3 Recycle Pumps (centifbgal, 400 gpm max, 65' TDH, 20 HP) 

1. 

Cost/Unit 

$4,000 

$1 1,000 

$10,000 

$30,000 

$15,000 

$10,000 

$2,500 

$5,000 

$400,000 

$60,000 

$0 

$27,000 

$27,000 

$27,000 

$27,000 

$10,000 

$99,000 

$12,500 

$12,500 

$12,500 

Quantity 

1 

1 

2 

3 

3 

2 

1 

1 

2 

1 

1 

2 

1 

1 

3 

1 

4 

3 

2 

1 

- Total 

$4,000 

$11,000 

$20,000 

$90,000 

$45,000 

$20,000 

$2,500 

$5,000 

$800,000 

$60,000 

$0 

$54,000 

$27,000 

$27,000 

$8 1,000 

$I 0,000 

$396,000 

$37,500 

$25,000 

$12,500 





Table B.5 
Equipment List for 

Tiron Soil Washing System - 
Item 

41 

42 

43 

44 

45 

46 

47 

48 

49 

50 

51 

52 

53 

54 

55 

56 

57 

58 

59 

60 

- 

- 

- 
source 

I 

1 

5 

1 

1 

1 

5 

5 

1 

1 

1 

1 

1 

1 

1 

1 

5 

1 

1 

1 - 

Description 

Recycle Lixiviant Pumps (centrifugal, 400 gpm max, 65' TDH, 20 HP) 
Recycle Bleed Pumps (centdbgd, I50 gpm max, 10 HP) 

IX Feed Tank (14' D x 20' H cy1 tank, 20000 gallon WV, carbon steel) 

M: Feed Pumps (centdbgal, 400 gpm max) 

Ion Exchange Columns (1 0' D x 10' H cy1 tank, including =in, 65 psig) 

Air Compressors (50 HP, 150 psig) 

M Pregnant Solution Tanks (14' D x 16' H, 12000 gal. WV, 316 SS) 

Concentrated HCI Storage Tank (3,000 gallon tank truck trailer) 

Acid Metering Pumps (dual diaphragm, 0-160 gph, 2 HP drive) 

Peroxide Metering Pumps (dual diaphragm, 0-12 gph, .75 HP drive) 

NaOB Meterhg Pumps (dual diaphragm, 0-12 gph, .75 HP drive) 

Peroxide Precipitation Reactor Tanks (386 gal. WV, 48 sq in x 54 in H, HDPE) 

Peroxide Precip. Tank Agitators (5 HP motor, 24 in dia. impellor) 

Pregnant Solution Metering Pump (dual diaphragm, 0-2 10 gph, 2 HP drive) 

Precipitated U Sluny Pumps (centrifugal, 20 gpm max, 65' TDH, 2 HP) 

Urn. Peroxide ClarifierA'hickener (1 0' dia., 6' walls, rake, 7.5 HP, 3 16 SS) 

Clarifier O/F Decant Tank (IO' D x 10' H cy1 tank, 6000 gal. WV, 316 SS) 

Precoat Filter Feed Pump (transfer pump, 3 16 SS casing, 100 TDH, 5 HP) 

Precoat Filter (50 sq ft unit area, pressure leaf filter, 50 gprn flow) 

Filter Precuat Pump (transfer, 2 in x 1.5 in, 6 in dia. impellor, 5 HP, 75 gpm) 

I ,  

CostNnit 

$12,500 

s 10,000 

$27,000 

$12,500 

$2 14,000 

$48,500 

$54,000 

$20,000 

$20,000 

$10,000 

$ I 0,000 

$3,500 

$1 0,000 

$17,500 

$4,500 

$63,750 

$45,000 

$4,500 

$42,000 

$4,500 

Quantity 

3 

2 

1 

3 

9 

2 

2 

1 

2 

2 

2 

5 

5 

2 

2 

1 

1 

2 

I 

1 

Total 

$37,500 

$20,000 

$27,000 

$37,500 

$1,926,000 

$97,000 

$1 08,000 

$20,000 

$40,000 

$20,000 

$20,000 

$1 7,500 

$50,000 

$35,000 

$9,000 

$63,750 

$45,000 

$9,000 

$42,000 

$4,500 





- 
Source 

1 

1 

I 

5 

1 

1 

1 

- 

- 

Table B.5 
Equipment List for 

Tiron Soil Washing System 

Description 

prccbat MixTank (48 in D x 54 in H steel tank, 16 in& pmpcflor) 

Bulk Salt Saew Feeder (5 cu ft hopper, volumetric fder) 

Bulk Salt Storage Containers (tote type, 316 SS, 6 cu yd, 6' x 6' x 6') 

Strip Solution Makeup Tanks (1 5,000 gallon max WV, carbon steel) 

Strip Sol. Feed Pumps (transfer, 2 in x 1.5 in, 6 in dia. imp., 5 HP, 100 TDH) 
Uranium Peroxide Clarifier U/F Pumps (10 gpm max, 50 TDH, 2 HP) 

Recessad Plate PreciDitate Filter (date filter D~CSS. 5 HP, 27.3 cu. ft cap.) 

Item 

61 

62 

63 

64 

65 

66 

67 

. -  
i 

Total Eauiument Cost 

CostNnit 

$7,910 

$15,000 

$3,500 

$25,000 

$7,500 

$5,900 

$40,000 

~~ 

Quantity 

1 

I 

6 

2 

3 

2 

1 

- Total 

$7,910 

$15,000 

$2 1,000 

$50,000 

$22,500 

$1 1,800 

$40,000 
~ 

$6,1O4,S60 
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PROCESS DESCRIPTION 
REVISED AQUEOUS BIPEASIC EXTRACTION PROCESS 

INTRODUCTION : 

In order to provide a basis for the FY 95 ID Program for removal of 
uranium contamination from soils, revised process flowsheets have 
been developed which reflect experience in primary uranium ore 
processing as well as recent laboratory results on the contaminated 
soils, The approach taken has been to assume a relatively 
optimistic process performance as a basis for equipment selection 
and process design. In addition, the unit operations selected 
should be readily operable at the assumed operating conditions. If 
adequate performance for the selected process concepts and 
equipment selected are supported by laboratory tests, the capital 
and operating cost benefits over previous process flowsheets should 
be substantial. 

The following presents a brief process description of the revised 
Aqueous Biphasic Extraction Process (ABE) flowsheets (Revision 2, 
12/19/94) and some key process assumptions used as the basis for 
initial material balances used for equipment sizing. 

COARSE SOIL SEPARATION: 

The initial separation of the coarse size fractions of the soil (+2 
nun) is accomplished using equipment which minimizes the amount of 
liquid (lixiviant and fresh water) added to the system. A slurry 
density (percent solids) consistent with the requirements for 
efficient leaching without dewatering is the goal. 

The soil feed to the process is initiated by reclaim from a soil 
storage facility or by direct feed from the excavation operations. 
A feed conveyor delivers the soil to a wet, vibrating Grizzly which 
scalps off oversize and trash materials (+lo an) in the soil. 
Spray water (recycle dilute salt solution) is used, as necessary, 
to control any dust emissions and to reduce clogging of the 
undersize chute to the Rotary Drum Scrubber 2. The grizzly is 
elevated such that the oversize and undersize fractions flow by 
gravity to the drum scrubbers. 

The oversize material from the grizzly reports to the Rotary Drum 
Scrubber 1 in which the oversize soil is mixed with recycle dilute 
salt solution as a slurry to wash off any adhered, small-size soil 
and to solubilize uranium stainina the surface of the coarse - 
particles using the leaching action. The drum scrubber is equipped 
with a solid drum section and dewatering drain for slimes removal 
as well as a trommel screen extension where rinsing with fresh 
water removes most of any dissolved uranium. The trommel oversize 
(+13 mm) is conveyed to a stockpile for disposal, 
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The undersize soil slurry (-13 mm) from the Drvm Scrubber 1 is 
combined with the -10 cm Grizzly undersize as and-flows by gravity 
as feed to the Rotary Drum Scrubber 2. The washing with recycle 
dilute salt solution and rinsing on the trommel screen is repeated, 

The trommel oversize (+13 mm) is discharged to the oversize 
conveyor which transports the washed soil to a stockpile for 
disposal. The undersize slurry (-13 mm) flows by gravity to a 
live-bottomed sump and pump which delivers it as feed to an 
elevated washing and dewatering screen. The dewatering screen 
separates and washes with fresh water the remaining coarse soil 
fractions (+2 mm). The screen oversize Soil also is conveyed to 
the washed coarse soil stockpile for return to the site. The -2 mm 
fraction slurry, along with the recycle dilute salt solution and 
the balance of the wash water, flows by gravity to an agitated 
holding tank to serve as feed to the leaching circuit, 

Since the K a r r  column requires relatively fine solid particles to 
work effectively, an intermediate size fraction of soil (-2 mm +150 
p )  will be separated from the slurry prior to K a r r  column feed. In 
the meantime, the dilute carbonate salt solution transport medium 
and residence t h e  in the agitated holding tank and PEG thickener 
should be sufficient to leach and remove into solution any surface 
stain uranium on these intermediate-size soil particles, 

The -2  MIL soil slurry suspension in the holding tank is fed to a 
fine 100 mesh (150 p )  vibrating screen and the +lo0 mesh solids 
separated from the balance of the soil, This coarser (+lo0 mesh) 
oversize solid from the screen is mixed with recycle PEG filtrate 
and K a r r  column underflow as feed to the PEG thickener. A 
flocculant is added to the diluted slurry and mixed in a static 
mixer (gravity flow) prior to feeding to the PEG thickener, In 
this manner, the intermediate-size soil particles is recombined 
with the fine soil fractions prior to filtration and disposal, 

The philosophy of the above coarse ore separation circuit for the 
ABE process is to produce a PEG phase (polyethylene glycol) feed 
slurry to the Karr column contactors of about 30 to 35% solids, 
leach any surface uranium contamination f r o m  the coarse soil 
fraction and wash the coarse soil with fresh water prior to return 
to the site. The balance between recycle salt solution and fresh 
water is maintained to keep the final salt (sodium carbonate) 
concentration in the feed to the K a r r  Columns at about 1.82 wt.0 
(i.e. a tie-line equilibrium composition). The above equipment 
should be capable of this goal without the need for mechanical 
dewatering prior to feeding the Karr column and also should 
minimize slurry pumping. 

Use of the salt solution (i.e. low salt recycle) from the methanol 
precipitation as the primary rinsing and motive liquid for the soil 
slurry achieves a minimization of bleed requirements and salt 
(carbonate) makeup requirements, 
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AQUEOUS BfPHA8IC EX'TRACTIobt CIRCUIT: 

The ABE process separates the fine uranium rich soil particles and 
the fine discrete uranium mineral particles from the lower uranium 
concentration soil particles using the surface activity of the 
particles in the extraction media as the principal separation 
mechanism. The extraction media consists of two immiscible liquid 
phases (biphasic) where the relative attraction for certain solid 
particles in each liquid phase is different. The differences in 
attraction and the speed of the liquid/ liquid phase separation 
makes it possible to effect a separate of solid particle types. 

In this ABE system, one liquid phase is a solution of polyethylene 
glycol (PEG) and the other is a sodium carbonate salt solution. 
The selective partition of such particles in the ABE system is 
based on physicochemical interactions between the particle surface 
and the liquid phases, rather than bulk phase properties like 
density. Consequently, the particle size of the solid phase needs 
to be small enough so that particle settling due to gravity is slow 
compared to the rates of liquid/liquid phase separation. 

Initial laboratory testing of this concept has led to definition of 
operating conditions and parameters which are the basis of this 
Revision 2 process design. Significant advancements in the 
effectiveness of this technology for use in removing uranium from 
contaminated soils have been made in the limited testing. Since 
the ABE process uses, in part, a' different separation technology 
than leaching to effect the separation, it has the promise of being 
able to recover and remove a high proportion of the difficult-to- 
leach, refractory uranium mineral species in the soil. Since the 
salt phase transport media is a high-concentration carbonate salt 
solution, the easily-leached uranium species are also leached and 
are separately recovered from the salt phase in a form conducive to 
permanent disposal. The ABE process, therefore, removes and 
recovers the uranium as a solid-phase concentrate from the biphasic 
separation and as a precipitate from leaching into the salt phase. 

The fine solids in the 100 mesh screen underflow slurry flows to a 
mixing tank (PEG repulp tank) where it is mixed with recycle PEG 
liquid to serve as feed to the R a r r  column. In order to keep the 
PEG concentration in this feed slurry at the tie-line equilibrium 
concentration (33.11 w t %  PEG), the recycle PEG recovered as decant 
from the PEG thickener is augmented with additional PEG to the 
concentration which upon mixing with the screen underflow produces 
the required PEG slurry feed. The slurry density of the so i l  
solids in the PEG slurry feed to the K a r r  column is targeted to be 
about 25-35 w t . %  and is controlled in the coarse soil separation 
circuit. I 

The contacting device used for laboratory testing of  the ABE 
process is a multi-stage tower contacting device called a Karr 
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column. In this column, the dense liquid phase (i.e. the PEG 
slurry) is fed to the top of the contactor column; The less dense 
salt phase (i.e. about 12 wt.0 concentrated sodium carbonate 
solution) is fed into the bottom of the column and a counter- 
current flow is established. The column is separated by a number 
of disk-like plates which provide interstage mixing and phase 
separation between the two immiscible liquid phases. The multiple 
plates are slowing turning, driven by a central shaft, which 
provide multi-staging of the concentration process as well as 
promoting efficient phase separation. 

As a consequence and maintaining the feed compositions of the two 
immiscible liquid phases at a defined equilibrium point on the 
liquid-liquid system phase diagram (PEG/carbonate SOlUtfon) , the 
compositions of the two liquid phases in the Karr column conform to 
a defined operating tie line connecting with the feed and discharge 
equilibrium cornpositions of each phase. Therefore, the discharge 
compositions from the Karr column are controlled and defined by the 
feed liquid compositions and mass ratios. The Karr column 
operation and separation processes are also controlled and are 
sensitive to the temperature of the system. Therefore feed liquid 
temperatures and the column temperature gradient is carefully 
controlled (at about 40OC). 

Due to the ABE process characteristics, the uranium rich solid soil 
particles will concentrate into the salt phase leaving the top of- 
the Karr column. Also in this salt phase is the bulk of the 
dissolved uranium due to leaching with the carbonate complexing 
agent. Partition of the bulk of the soil particles should result 
in the PEG underflow slurry exiting the bottom of the Karr--column 
containing the uranium-depleted soil (about 95-98 w t . %  of feed 
soil). This Karr column PEG underflow slurry is mixed with the 
coarser soil fractions, fed to a thickener for separation from the 
PEG phase and ultimately filtered and washed for disposal (e.g. 
return to site, etc.). 

The underflow settled soil slurry in the PEG thickener is pumped to 
a horizontal pressure filter for. dewatering and rinsing. The 
pressure filter is used since its semi-continuous operation 
provides efficient and low-operating manpower liquid/solid 
separation, its ability to dewater difficult materials (such as the 
clayey soil particles) and will produce a relatively-high percent 
solids (30-40 wt .% moisture) filter cake product. 

In the pressure filter, which operates in cycles with batches of  
slurry being dewatered, washed and rinsed in successive batch 
operations within the cycles, the PEG U/F slurry is dewatered to 
produce a PEG-rich filtrate which is recycled as feed to the PEG 
thickener. In addition, a washing cycle using recycle salt 
solution after methanol precipitation removes most of the remaining 
PEG from the soil solids in the cake. This Rinse Filtrate 1 feeds 
a proprietary dewatering process which removes extraneous water and 
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reconstitutes the carbonate concentration to that required for the 
PEG slurry system. This dewatering process is proprietary; thus is 
not defined in this scope. 

The rinse filtrate using fresh water (Rinse Filtrate 2) reports 
back to the Return Salt Solution Storage Tank and provides makeup 
water to the salt phase generation. The dissolved uranium washed 
from the soil solids therefore is introduced into the salt phase 
for ultimate recovery and removal. 

URANIUM RECOVERY SYSTEM (COXCENTRATE) 8 

The uranium-rich concentrate recovery system from the salt phase 
overflow from the Karr column consists of a thickener to 
concentrate the solids into the underflow and to produce a- 
clarified salt phase decant and a recessed plate and frame filter 
press to dewater and dry the uranium concentrate solids in a form 
suitable for disposal. 

The thickener underflow is intermittently as a batch process is 
pumped to the filter press. Pumping (using a positive-displacement 
pump) continues until the press is--full of solids (as indicated by 
filter pressure drop) . The filtrate from the press returns as feed 
to the salt phase thickener and ultimately as clarified decant, 
The solid cake is air-blown and deposited into appropriate 
containers for further stabilization treatment or disposal (off- 
site). 

The salt phase decant proceeds to a precipitation system --(using 
I methanol) for the dissolved uranium components. 

URIWLUM RECOVERY (-0L PRECIPITATIOX): 

The ABE process laboratory development program has identified a 
process using methanol to precipitate the uranium from the 
relatively high-concentration salt (sodium carbonate) phase. This 
process has been demonstrated to be able to quantitatively remove 
the dissolved uranium as a precipitate from such solutions using 
various ratios of methanol to salt phase. However, since this 
process is still under development, the specific quantitative data 
which will be required for process design and specification are 
very preliminary. 

It is anticipated that in the range of salt phasetmethanol ratios 
o f  1: 0.5 to 1: 2 . 0 that a selective uranium-removal process will be 
developed. This uranium removal from the salt phase is required to 
prevent excessive buildup in the circulating salt solutions of 
dissolved uranium- This high concentration of solubilized uranium 
in contact with the soil solids would make it nearly impossible to 
rinse the uranium away from the soil without creating excessive 

I 
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bleed requirements or treatment. 

Since the methanol precipitation process is relatively undefined, 
a conceptual process is presented. The salt phase is mixed in an 
agitated tank with methanol. For purposes of equipment sizing a 
salt phasejmethanol ratio of 1:l was used. The bulk of the uranium 
in solution and part of the dissolved sodium carbonate in the salt 
phase solution will precipitate. 

These solids are settled in a thickener/clarffier which produces a 
clarified salt/methanol liquid phase decant. The thickener 
underflow slurry is filtered in a recessed plate and frame filter 
press. This filter cake can be optionally washed with dilute salt 
phase recycle solution to recover and recycle the methanol from the 
cake . 
The salt/methanol decant is stored in a decant tank which feed a 
methanol stripping column. This column, with steam-heated reboiler 
and about 16 perforated plate to effect a stripping of the 
methanol, produces a pure methanol vapor product and nearly 
methanol-f ree salt phase (204% methanol) which is recycled for salt 
phase recycle or is bled from the circuit to keep the liquid 
balance under control. When bl-ding, the methanol ratio in 
precipitation is increasedto produce a low-soluble uranium content 
in the salt solution being bled. 

The salt/methanol liquid entering the methanol stripping column is- 
used to condense and cool the column methanol vapors. This also 
preheats the feed salt/methanol liquid; thus conserving heat 
energy. Makeup methanol is provided from a tanker truck storage 
and the concentrated carbonate salt solutions are reconstituted by 
bleeding in a high-concentration (20-30 w t . % )  sodium carbonate 
reagent solution (or slurry) produced in a bulk hopper carbonate 
delivery and mixing system. 

Many elements of the ABE process are preliminary since this process 
for this application is early in its development phase. However, 
it has been attempted to present a feasible (but not necessarily 
optimal) conceptual process design for implementation of this 
process. Progress in the process development is likely to be rapid 
due to addressing specific problem areas in laboratory testing. 
Potentially there may be significant improvements in the ABE 
process design, operating performance and reduction in reagent 
consumptions and losses. 
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PROCESS DESI- ABSUMPTIO!?S 
REVISED AQtlEOUS BIPH88IC EX'TRACTIOIl PROCESS 

The following preliminary process design assumptions were used in 
flowsheet development, mass balance derivation, equipment selection 
and preliminary sizing: 

COARSE SOIL SEPARATION: 

Nominal throughput rate 20.0 dry tons soiljhour. 

soil moisture content average of 12.0 wt.%. 

Recycle salt solution and fresh water addition to the 
scrubbers and 2 mm screen are controlled such that the feed 
soil slurry density to the holding tank is nominally 30-35 
w t . %  solids (design based on 30 w t . % ) .  

Coarse oversize soil (+lo0 mm rocks, roots, etc.) is assumed 
to be about 1.0 wt.% soil. 

Medium size soil (-100 mm + 13 mm) is assumed to be 1.5 w t . %  
soil. 

Intermediate size soil fractions (-13 mm + 2 mm) is assumed to 
be 7.5 w t . %  of the feed soil. 

The coarser fraction of the -2 mm +lo0 mesh (150 p )  soil is 
assumed to be about 10 w t . %  of the feed soil solids. : 

AQUEOUS BIPRASIC EXTR2iCTION CIRCUIT: 

PEG slurry feed to the Karr column: nominal 30 w t . %  solids, 
range 25-35 e.%. 
Salt phase concentration in PEG slurry feed: 
sodium carbonate. 

~1.82 wt.0 

PEG phase concentration in PEG slurry feed: 

Salt concentration in Karr column salt phase feed: =lZ . 0 w t .  Q 
sodium carbonate. 

Concentrations in ~ a r r  column overflow: 11.45 w t . Z  carbonate, 
0.60 wtt PEG. 

Horizontal pressure belt filter cake moisture of 65.0 wt.9. 
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Horizontal pressure belt filter design unit area of 50.0 
lbs/hr/ f tz for dewatering . 
Belt filter cake solution acceptance rate for washing/rinsing 
is 0,080 gpm/ft2. 

Dry flocculant addition system based on a total 0.65 lbs 
flocculantjton soil solids. 

Karr column (6' diameter) feed rate @a30 wt.0 solids is 3,000 
w/-. 
Karr column operating temperature =4OoC. 

URZWIvM RECOVERY LIPLITEM (CONCENTRATE): 

Recessed plate & frame uranium concentrate filter unit area 
based on 27.3 ft3 net cake capacity, one filtration cyclelday. 

URZUlIUM RECOVERY ( ! 4 E m O L  PRECIPITATIO3l) t 

Salt phase/methanol ratio: design 1:1, range lrO5 to 1:2 

Residual uranium: 1.0 ppm to 19 ppm 

Bleed rate: salt solution ~3.0 0 C,L. 
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SHEET 1 

STREAM 
NUMBER 

1 
2 
3 
4 
5 

101 
102 
S l  
62 
8 
7 
8 

10s 
9 

10 
11 
12 

-63 
108 
82 
21 
64 
44 
47 
42 
49 

-04 
107 
43 
14 
45 
66 - 108 
40 
48 
80 
18 

'NOTE 

- 

- - 

AQUEOUS BlPHASlC EXTRACTION PROCESS FOR SOIL WASHING 
20.0 DTPH SOIL INPUT, COARSE SEPARATION AND KARR COLUMN FEED 

STREAM DESCRIPTION SOLIDS LlOUlD SLURRY BULK M.46 
(SASED ON FLEXMET BALANCES) 8.6. S.Q. 8.Q. DENSITY SOLIDS 

SOIL FEED TO GRIZZLY 2.600 1.Ooo 2.119 90.0 88.00 
QRlZnY OVERSIZE(+4.) TO SCRUBBER 1 
QRlPLY UNDERSIZE (-4') TO SCRUBBER 2 
TROMMEL OW33SIZE (41/2*) FROM SCRUBBER 1 
TAOMMEL OVERSIZE (41/2') FROM =RUBBER 2 
SCRUBBER 1 WASH WATER 
SCRUBBER 2 WASH WATER 
SCRUBBER 1 RECYCLE CARBONATE sOLUTlON 
SCRUBBER 2 RECYCLE CARBONATE SOLUTION 
WASHINQ S, DEWATERING SCREEN FEED 
SCREEN OIS(42mm) TO STOCKPILE 
SCREEN U18 (-2mm) TO HOLDINQ TANK 
SCREEN WASH WATER 
COMBINED (42mm) 018 TO DISPOSAL STOCKPILE 
NETFEEDTO 100m EREEN 
EREEN 0/8(41OOm) TO PEQ THICKENER 
SCREEN U/S(-la6m) TO PEQ REPULP TANK 
DRY FLOCCULANT 
DRY FLOC DILUTION WATER 
INITIAL DILUTED FLOG MIXIIJRE (1% WLN.) 
FLOC DILUTION (FROM PEQ DEWAtERINQ) 
DILUTED FLOC TO STATE MIXER 
KARR COLUMN P€Q PHASE WF TO STATIC MIXER 
PRESSURE flLTER PEQ FILTRATE TO STATIC MIXER 
NET FEED TO F'EQ THICKENER 
PEQ THICKENER DECANT TO RECYCLE TANK 
MAKEVPPEQ 
PEQ MAKEUP DILUTION WATER 
NET RSYCLE P€Q TO REPULPTANK 
PEQ SLURRY FEED TO KARR COLUMN fROM REPULP 
U/F FROM PEQ THICK. TO PRESSURE flLTER 
RECYCLE DILUTE SALT WLN. WASH ON flLTER 
FRESH WASH WATER ON PRESSURE FILTER 
FILTRATE 1 (FAOM OIL SALT SOLN. WASH) 
RECYCLE DILUTE SALT SOLN. WASH ON flLTER 
BLEED FROM PROPRIETARY OMTAtER PROCESS 

2.600 
2.600 
2.600 
2.600 - - - - 
2.600 
2.600 
2.600 

2.600 
2.600 
2.600 
2.500 
1.800 

1.800 
1.800 
1.800 
2.600 
2.600 
2.600 
2.600 

- 

- 

c 

2.600 
2.600 
2.600 
2.600 

2.600 
2 . m  
2.600 

- 

1 .OOo 
1 .OOo 
1 .Ooo 
1 .Ooo 
1 .Ooo 
1.000 
1.037 
1 .os3 
1 . O H  
1 .OOo 
1.021 
1 .OOo 
1 .OOo 
1.021 
1.02 1 
1 A21 
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PROCg88 DESCRIPTIO10 
REVISED CARBOXATE/BICABBONATS SOIL R l U E I N G  

In order to provide a basis for the FY 95 ID Program for removal of 
uranium contamination from soils, revised process flowsheets have 
been developed which reflect sxperience in primary uranium ore 
processing as well as recent laboratory results on the contaminated 
soils. The approach taken has been to assume a relatively 
optimistic process performance as a basis for equipment selection 
and process design. In addition, the unit operations selected 
should be readily operable at the assumed operating conditions, If 
adequate performance for the selected process concepts and 
equipment selected are supported by laboratory tests, the capital 
and operating cost benefits over previous process flowsheets should 
be substantial. 

The following presents a brief process description of the revised 
carbonate/bicarbonate flowsheets (Revision 2, 12/12/94) and some 
key process assumptions used as the basis for initial material 
balances used for equipment sizing. 

COARSE SOIfc SSPARATIOX: 

The initial separation of the coarse size fractions of the soil (+2 
mm) is accomplished using equipment which minimizes the amount of 
liquid (lixiviant and fresh water) added to the system. A:slurry 
density (percent solids) consistent with the requirements for 
efficient leaching without dewatering is the goal- 

The soil feed to the process is initiated by reclaim from a soil 
storage facility or by direct feed from the excavation operations. 
A feed conveyor delivers the soil to a wet, vibrating Grizzly which 
scalps off oversize and trash materials (+lo cm) in the soil. 
Spray water (recycle filtrate) is used, as necessary, to control 
any dust emissions and to reduce clogging of the undersize chute to 
the Rotary Drum Scrubber 2. The grizzly is elevated such that the 
oversize and undersize fractions flow by gravity to the drum 
scrubbers . 
The oversize material from the grizzly reports to the Rotary Drum 
Scrubber 1 in which the oversize soil is mixed with filtrate from 
the second leaching train as a slurry to wash off any adhered, 
small-size soil and to solubilize uranium staining the surface of 
the coarse particles using the leaching action, The drum scrubber 
is equipped with a solid drum section and dewatering drain for- 
slimes removal as well as a trommel screen extension where rinsing 
with fresh water removes most of any dissolved uranium. The 
trommel oversize (+13 nun) is conveyed to a stockpile for disposal. 
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The undersize soil slurry (-13 mm) from the Drum Scrubber 1 is 
combined with the -10 cm Grizzly undersize as and flows by gravity 
as feed to the Rotary Drum Scrubber 2, The washing With recycle 
filtrate and rinsing on the trommel screen is repeated. 

The trommel oversize (+13 mm) is discharged to the oversize 
conveyor which transports the washed soil to a stockpile for 
disposal. The undersize slurry (-13 mm) flows by gravity to a 
live-bottomed sump and pump which delivers it as feed to an 
elevated washing and dewatering screen, The dewatering screen 
separates and washes with fresh .water the remaining coarse soil 
fractions (+2 mm). The screen oversize soil also is conveyed to 
the washed coarse soil stockpile for return to the site. The -2 mnn 
fraction slurry, along with the lixiviant and the balance of the 
wash water, flows by gravity to an agitated holding tank to serve 
as feed to the leaching circuit. 

The philosophy of the above coarse ore separation circuit is to 
produce a feed slurry to the carbonate leaching reactors of about 
30 to 35% solids, leach any surface uranium contamination from the 
coarse soil fraction and wash the coarse soil with fresh water 
prior to return to the site. The above equipment should be capable 
of this goal without the need for mechanical dewatering prior to 
leaching and also should minimize slurry pumping. Use of the 
leaching solution (i.e, Belt Filter 2 filtrate) from the Leaching 
Train 2 as the primary rinsing and motive liquid for the soil 
slurry achieves atrue counter-current andhigh-efficiency leaching 
system. 

CARBONATE LEACXING CIRCMT: 

The initial leach train consists of three agitated leaching 
reactors in series. Slurry flow between reactors is achieved by a 
bleed from a recirculating stream of slurry being pumped from the 
bottom of the reactor and being introduced into the top of the 
reactor to promote slurry suspension. Slurry advancement to the 
next reactor stage is controlled by a slurry pinch valve on the 
pipeline to the next reactor, The recirculation of the soil slurry 
around the reactor augments the mixing action in the agitated tank. 

The agitators used are low-intensity airf oil-type, downward pumping 
impellers (e.g. Lighnin A-310 or equivalent) which keeps the slurry 
in suspension in an axial-flow pattern and which minimizes agitator 
power requirements. This type of mixers also do not appreciably 
decrepitate or degrades the soil particle size. It is assumed that 
further size reduction is not necessary to maximize the uranium 
extraction. 

Makeup carbonate reagent is added as a concentrate sodium 
carbonate/bicarbonate slurry or solution (about 20-30 wt.  %) to the 
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holding tank. The carbonate/bicarbonate ratio is by adjusting the 
mixture of bulk carbonate and bicarbonate added in the reagent 
mixing system. This concentrated reagent addition augments the 
carbonate reagent supplied by recycle filtrate used for coarse soil 
separation and handling. The holding tank is sized for a minimum 
of 30 minutes residence time. 

The feed soil slurry is pumped from the holding tank to the first 
reactor vessel in the Leach Train 1, Slurry advances to the other 
reactors through the recirculation pumping system described above. 
An average residence time per leach reactor of a minhum of 20 
minutes/stage is assumed as a basis for design. 

Oxygen gas under slight pressure ( ~ 5 0  psig) is introduced into each 
reactor vessel through a bottom sparger manifold to provide and 
maintain oxidizing potential to facilitate uranium leaching. The 
addition of an oxidant (air, oxygen or oxygen-enriched air) is 
deemed essential to insure maximum efficiency of uranium leaching. 
The vessels are covered, but are vented to maintain atmospheric 
pressure with a high oxygen partial pressure (pOp0.8 atm.) at the 
slurry surface. 

The slurry from the third stage of the initial reactor train is 
advanced to the feed tank for the first vacuum belt filter. In 
this initial filtration, only dewatering of the soil solids is 
done; there is no need for washing or rinsing, 

A flocculant (or coagulating agent) mixing, dilution and addition 
system is provided to assist and aid in the filtration. The bulk 
dry flocculant is mixed initially to about 1.0% strength using 
recycle lixiviant as the diluent, It is metered (as 1.0% strength) 
to mix with the feed slurry to the filter. Before mixing with the 
slurry, however, it is diluted with additional recycle lixiviant to 
about 0.10 wt.8 strength. A static, in-line mixer is used to 
insure adequate mixing without shearing the flocculant polymer. 
The diluted floc solution is then mixed with the feed slurry to the 
filter also using a static mixer to insure low-shear mixing, 

The filter cake (at approximately 50-60 wt.% solids) is discharged 
into a repulping tank where it is mixed with recycle lixiviant (and 
intermittently with sand filter backwash) and additional 
concentrated carbonate reagent makeup to approximately 25-30 wt .% 
slurry. The dewatering filtrate (Filtrate 1) from the belt filter 
flows to the Filtrate Storage Tank and subsequent feed to the 
uranium recovery circuit. 

The repulped slurry is pumped to a second reactor train for 
additional leaching. This train also consists of three stages of 
reactors using pumping-type agitators and pumped slurry circulation 
and advancement. Oxygen gas sparging is also used to maximize 
uranium leaching efficiency, The slurry exiting the last reactor 
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stage is pumped to the Belt Filter 2 feed tank. 

In addition to an initial vacuum dewatering section, the belt 
filter system for the slurry contains two washing/rinsing sections. 
In the first washing section, the dewatered cake is rinsed using 
recycle lixiviant to remove most of the solubilized uranium. The 
second rinsing step uses fresh water to further remove the uranium 
and complexing reagents in the soil filter cake. The relatively 
high percentage solids in the filter cake allows relatively low 
volumes of washing and rinsing liquids to be used while maintaining 
high rinse efficiencies. Flocculant (or coagulating agent) is also 
used, as appropriate, to facilitate the filtering and washing 
process . 
The dewatering filtrate (Filtrate 2) from the second belt filter is 
recycled to the rotary drum scrubbers to remove surface uranium 
contamination from the coarse soil particles and to create the 
slurry feed to the first reactor train. The wash filtrate using 
recycle lixiviant (Filtrate 3) is recycled to the Repulp Tank 1 
where it is mixed with the first belt filter cake to create the 
slurry feed to the second reactor train. The rinse filtrate using 
fresh water (Filtrate 4) reports to the Recycle Lixiviant Storage 
Tank or to the Sand Filter Backwash Tank as needed. 

This routing of the filtrate and recycle lixiviant streams allows 
control of any fresh water makeup and minimizes the lixiviant bleed 
requirements from the system. It also achieves a true counter- 
current leaching system which minimizes internal process system 
flow rates and maximizes the uranium concentration in the liquid 
feed to the uranium recovery and removal systems. The washed and 
rinsed fine soil (-2 mm) filter cake discharges from the second 
belt filter and is conveyed to a stockpile for return to the site 
for disposal . A stabilization treatment (by addition of 
stabilizing chemicals) and a dryer to further reduce the soil  
filter cake moisture to a desired disposal level may follow, as 
required. 

URANIUM RECOVERY SYSTZX (IX LOAD-G SYSTEM) t 

For the soil decontamination system, the simple fixed-bed carrousel 
IX system for removal and recovery of the solubilized uranium is 
proposed. This will permit significant recycle (greater than 90%) 
of the lixiviantto be recycled and reused after uranium removal. 
This, and the limited use of fresh water makeup, will also minimize 
solution bleed and subsequent treatment requirements. Ion- 
exchange for uranium removal from carbonate lixiviants is a proven 
system being used commercially for over twenty years. 

The filtrates used as feed to the ion-exchange system are filtered 
in sand (multi-media) filters to remove any suspended solids or 
turbidity. These sand filters operate in a continuous, alternate 



filtering and backwash mode. The intermittent backwash returns to 
the repulp tank for the second leaching train.- The clarified 
pregnant leach solution proceeds under pumping pressure to the ion- 
exchange system feed tank which provides s o m e  surge capacity in the 
uranium recovery system. 

The solutions are then pumped through down-flow, fixed-bed carbon 
guard columns which remove most of any dissolved or suspended 
organics (e.g. humic or fulvic acids, etc.) which may foul the 
uranium ion-exchange resins. These carbon guard columns also 
operate in parallel with an alternating loading and stripping 
cycle. 

A carbon regeneration system equipped with a storage tank with vent 
scrubber, a circulation system and Steam-aSSiSted carbon stripping 
provided to regenerate the carbon columns. This guard column 
system specific design requirements have not been defined at this 
point. It is likely that additional unit operations and bleeds of 
solid and/or liquid waste streams to disposal or to solution 
treatment would be required. The carbon itself may have to be 
replaced periodically with fresh carbon and regenerated off-line 
with a more severe treatment (such as solvent extraction or kiln 
regeneration) and subsequently recycled. 

If an alternate resin is used in the guard column instead of 
carbon, the regenerate system requirements would also likely differ 
from those o f  the carbon columns. 

The pressurized solutions from the guard columns continue as feed 
to three fixed-bed ion exchange columns in the Loading Ion Exchange 
system. Sufficient feed pump pressure is provided to force the 
solution through all of the fixed beds in series without requiring 
boosting. The columns are configured as a carrousel which operates 
as two or three stages in series for loading. About half the time, 
the first stage with loaded resin is by-passed and is in a 
stripping cycle. The loading continues with the former second 
stage becoming the new first stage and the third stage becoming the 
new second stage. 

When breakthrough occurs in the first of the three stages (i.e. the 
uranium concentration on discharge from the column is about 108 of 
the feed), it is taken out of service for stripping. In a fixed- 
bed ion exchange system for uranium, this occurs when the resin is 
loaded to about 908 of its maximum loading. When stripping is 
completed, the freshly-stripped column is restored to the series 
train as the new third stage. 

STBIPPIISO AND STRIP SOLIITIOZ? mhxmP: 

The uranium is stripped from the loaded resin using a sodium 
chloride/dilute hydrochloric acid strip solution. This stripping 
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system which should be effective for uranium carbonate complexes 
consists of approximately 1.0 molar (75 gpl) so&ium chloride and 
0.1 molar (5.0 gpl) hydrochloric acid. The flow Uvough the 
columns is downflow at a rate of about 0.1 gpm/ft2 specific flow 
rate which is significantly less than the loading specific flow 
rate (of 2 .0  g p m / f t 2 ) .  This insures equilibrium stripping, About 
5 bed volumes of strip solution would be required to strip the 
resin. 

~n additional 1 bed volume of fresh water is typically used as a 
rinse when an acidic strip is used with a basic loading solution. 
Most of this rinse water is displaced into the strip solution 
storage tank by the initial fill with uranium-depleted lixiviant 
from the second ion exchange column upon reintroduction of the 
freshly stripped column into the loading system as the new third 
series stage. The balance of the rinse commingled with the uranium 
depleted solution reports to the recycle lixiviant tank, The 
stripping cycle proceeds intermittently about half of the column 
system operating time. 

The pregnant strip solution and displaced rinse is stored in two 
pregnant solution storage tanks operating in parallel, one being 
filled and the other being fed-to the precipitation circuit. 
Pregnant solution storage capacity provides surge in the operation 
and allows uncoupling of the loading circuits .from the 
precipitation and recovery circuits, The surge tanks are vented to 
permit carbon dioxide gas evolution (from the uranium complex 
stripped from the resin) and have a pumped circulation loop to 
homogenize the contents for feed to precipitation. 

Makeup of the strip solution uses the precipitation system decant 
and filtrate as the primary solution for stripping. It is 
regenerated by salt addition and/or hydrochloric acid adjustment of 
the pH to that optimum for stripping and precipitation system feed 
(pH = 2.0 to 2.5’) . The mildly acidic strip solution not only 
recovers the uranium complex loaded on the resin by mass action, 
but also will clean the resin and remove some resin fouling. In 
addition, the resin is regenerated in the chloride form which is 
optimal for loading of the uranium dicarbonate or tricarbonate 
complexes (as anions) , 

The strip solution makeup system consists of two agitated mixing 
tanks in series (one being filled and mixed while the other is 
feeding the strip circuit). Solid salt is fed from a bulk hopper 
to the mix tanks as required. Concentrated hydrochloric acid is 
metered into the mixing tanks to adjust the pH. A small bleed 
(about 10-152 of the solution recycle) to the waste water treatment 
systems from the strip and precipitation circuits will likely to be 
required due to the fresh water addition to the resin rinse and 
build-up of sodium chloride and metallic ions other than uranium- 
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PEROXIDE UZtZbHIUM PRECIPITATIOrSt 

A hydrogen peroxide precipitation system is used to remove uranium 
from the acidic pregnant strip solutions. Not only is this system 
the most compatible with the acidic salt strip system, but it 
should be the most efficient for uranium removal from the strip 
solutions. The peroxide precipitation system will also maximize 
the amount of recycle strip solution which can be used, thus 
minimizing the waste water treatment requirements for strip 
solution bleed. 

The peroxide precipitation system can be operated COntinUOUSly or 
in a semi-batch mode in campaigns using the surge capacity of the 
pregnant strip solution tanks as a buffer between the upstream 
systems and the uranium disposal systems. In either case, the 
critical factors are precipitation reactor residence times, slurry 

I recycle as precipitation seed and pH control. Typically, the 
precipitation system is designed for double the continuous flow 
rate and operated about 50% of the t h e  in semi-continuous 
campaigns. This also permits continuous, closely-coupled operation 
with the loading systems when longer residence times to complete 
the precipitation with high uranium removal efficiencies are 
required . 
The peroxide precipitation reactor train consists of four or five 
separate chambers in series with internal cascade overflow weirs 
separating the stages. About 90 minutes residence t h e  per stage 
(based on new feed) is provided for operation at one-half of the 
time. Each reactor stage is agitated by axial-flow impellers with 
variable-speed drives which are regulated to balance the .-slurry 
suspension and mixing with the need to promote crystal growth of 
the precipitate. Circulating measurement loops with small 
centrifugal pumps are provided for each stage to facilitate 
solution monitoring, sampling and control of reagent additions. 

I 
I 

In the first stage the feed pregnant solution (IX pregnant strip 
solution) at a pH of approximately 2.5 to 3.0 is mixed with 
hydrogen peroxide (as 50% boz) in approximately a ratio of 
approximately 2 to 4 thes stoichiometric for uranium 
precipitation. This translates to approximately 0.15 to 0.30 lbs 
H202 (100%) per pound of uranium in the feed solution. The peroxide 
is fed to the stage using a metering pump which delivers it to the 
circulating measuring pump loop discharge leg to promote efficient 
mixing and to prevent concentrated peroxide from coming in contact 
with the bulk slurry. 

Recycle peroxide precipitate slurry from the thickener underflow 
(uranium content typically 100% of new feed) is also added to the 
first reactor stage to serve as seed for the precipitation. These 
recycle seed solids will optimize the precipitation efficiency and 
produce a larger-diameter uranyl peroxide precipitant which is 
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readily settled and filtered. 

As the precipitation reaction proceeds, the pH drops slightly (to 
2.5 to 2.75) as acid is liberated. This lower pH accelerates the 
precipitation rate. !l?he pH continues to drop in the reactor train 
until next to last stage. If necessary, the pH is controlled in 
the first stages to a minimum of pH = 2 - 0  by diversion of some 
sodium hydroxide from the last stage to prevent redissolution of 
the uranium precipitate. 

In the last reactor stage, the pH is raised to lower the uranyl 
peroxide solubility and to complete the precipitation from 
solution. The pH is raised by metering NaOH (30% solution) under 
pH control to a pH or 4.5 to 5.0. About 1.0 lb of NaOH per lb of 
uranium is typically required. 

The reaction products f rom the peroxide precipitation produces 
sol id uranyl peroxide and additional sodium chloride in the liquid 
phase, This precipitation process is the most compatible with the 
carbonate IX loading and stripping system since typically only HC1 
is required to regenerate the uranium peroxide thickener decant and 
pressure filter filtrate back into I X  strip solution. 

The uranium peroxide slurry from the last precipitation stage is 
pumped to a clarifier/thi&ener to facilitate separation of the 
liquid phase from the precipitated solids. If necessary, a- 
flocculating polymer can be added and mixed with the clarifier feed 
slurry using an in-line static mixer element. The conventional 
clarifier/thickener underflow settled uranyl peroxide slurry (25- 
50% solids) is periodically pumped to a batch recessed plate and 
frame filter press for dewatering and disposal. The filter press 
also receives backwash slurry (yellowcake and precoat filter aid) 
from the clarifying precoat filter. This backwash cycle is done 
before initiation of a campaign on the plate and frame filter to 
provide a precoat on the filter cloth. 

Some of the settled thickener underflow slurry is recycled to the 
first stage of the peroxide precipitation reactor train when that 
system is operating. The clarifier/thickener decant overflows to 
a pump tank and is recycled to the strip solution makeup through 
the precoat filter. The filtrate from the plate and frame pressure 
filter is also clarified in the precoat leaf filter before being 
recycled to use as strip solution. This final filtration is 
necessary since any residual solid uranyl peroxide yellowcake 
solids would be redissolved in the strip solution makeup mix system 
and would reduce the effectiveness of the strip system. This 
precoat filter also prevents any precipitated uranium solids from 
being in any strip solution bleed solutions. 

The precoat filter system has a precoat mix tank (for filter aids 
such as diatomaceous earth) w h i c h  are periodically mixed by bag 
addition. Clarifier/thickener decant is diverted, as necessary to 
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mix the precoat slurry. The clarified precoat filter filtrate 
reports to one of the IX strip solution mixing/feed tanks to be 
reconstituted as strip Solution. Since the entire strip and 
precipitation system can operate in a semi-continuous mode, there 
is significant flexibility of operation in the uranium recovery 
circuit . 

9 



The following preliminary process design assumptions were used in 
flowsheet development, mass balance derivation, equipment selection 
and preliminary sizing: 

COARSE SOIL SEPAR?iTIOXt 

Nominal throughput rate 20.0 dry tons soil/hour. 

Soil moisture content average of 12.0 wt.0. 

Filtrate, recycle lixiviant and fresh water addition to the 
scrubbers and 2 mm screen are controlled such that the feed 
soil slurry density to the leach circuit is nominally 20-30 
w t . %  solids (design based on 22.5%). 

Coarse oversize soil (+lo0 mm rocks, roots, etc.) is assumed 
to be about 1.0 w t . %  soil. 

Medium size soil (-100 nun + Z3 mm) is assumed to be 1.5 wt.0 
soil . 
Intermediate size soil fractions (-13 mm + 2 mm) is assumed to 
be 7.5 w t . %  of the feed soil .  

CARBONATE LEBcHIblo CXRCUIZt 

Feed to the carbonate Leach Train 1 g22.S wt.8 solids. 

Residence tfme (minhum working volume) of 30 minutes in 
holding tank. 

Residence t h e  per stage of leach ~ 2 0  minutes (Train 1). 

Horizontal vacuum belt filter cake moisture of 50.0 wt.%. 

Horizontal vacuum belt filter design unit area of 80.0 
lbs/hr/ft2 for dewatering. 

Repulped filter cake feed to Leach Train 2 @ 30.0 wt.0 solids. 

Residence t h e  per stage of leach ~ 3 0  minutes (Train 2). 

Belt filter cake solution acceptance rate for washing/rinsing 
is 0.080 gpm/ft2. 

Dry flocculant addition system based on a total 2.0 lbs 
flocculant/ton soil solids. 
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URANIUX RECOVERY 8YSTEM (1. LOADIN0 8Y8TEM) I 

Filtrate 1 storage tank (solution to IX) based on 2 hours 
residence time (@333 gpm) . 
Filtrate 2 storage tank (solution to scrubbers) based on 2 
hours residence time (@170 gpm) . 
Filtrate 3 storage tank (solution to repulp tank) based on 2 
hours residence time (8170 gpm) . 
Recycle lixiviant tank based on 2 hours residence time (9333 
gpm) 

Sand filter backwash tank based on minimum of 2 wetted volume 
backwash cycles . 
Sand filter specific flow rate of 5.0 gpm/ft2. 
ft. 

Bed height 6 

Guard column specific flow rate of 2.5 gpm/ft2. 
ft. 

Bed height 6 

Ion exchange column specific flow rate of 2.0 gpm/ft2. Bed 
height 4 ft. 

Ion-exchange maximum loading of 100 lbs uranium/ton resin. 

Resin replacement rate nominally 3% of inventory/year. 

Materials of construction: 316 S.S. or rubber lined C.S.  

STRIPPING AND STRIP SOLUTIOH MAKEUP: 

Carbon replacement rate nominally 10% of inventory/year. 

Bed volumes of strip solution, 5 design (7 max.). 

Bed volumes of fresh water rinse, 1 design (2 ma.). 

Resin strip solution nominally 1.0 molar NaC1, 0.10 molar HC1, 
pH = 2.5-3.0. 

Strip solution specific flow rate, nominal 0.10 gpm/ft2, 
maximum 0.20 gpm/ft2. 

Working volume 8,100 gallons each of two. 

Materials of construction: 316 S.S. or rubber lined C.S. 
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PEROXIDE OBAMmd PRECIPITATIOIO: 

Design feed rate 4.78 gpm (half-time operation). 

Residence thne/stage = 90.0 minutes. 

Limit for p H  (minim-) = 2.0.  

Materials of construction: HDPE, fiberglaas: or rubber lined 
cos. 

Hydrogen peroxide feed to: 

NaOH feed to: tank 4 and tank 5 0  

tank 1 and tank 2. 

Thickener U/F slurry recycle: nominally 100% new feed 
uranium, range: 0-400%. 

Thickener unit area: based on 1.0 m/hr fall velocity and 
maximum 30 gpm feed rate (0.40 gpm/ft2 specific flow rate). 

Thickener U/F density: 
50%) 

nominal 40 wt.% solid, (range: 25- 

Recessed plate & frame uranium peroxide filter unit area based 
on 27.3 ft3 net cake capacity, one filtration cycle/day. 

Precoat filter unit area based on 1.0 gpm/ft2 specific flow 
rate, 50 gpm maximum feed rate. One backflush cycle/day as 
precoat to recessed plat & frame filter. 

Bleed rate: lixiviant ~ 8 . 5 %  C o t .  (range: 5-lo%), strip 
solution ~10.0 % C.L. 
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SHEET 1 

- 
STREAM 
NUMBER 

1 
2 
3 
4 
5 

101 
102 
60 
11 
52 
6 
7 
8 

105 
0 - 11 

10 
11 
12 
13 

63 
64 
6!5 
E4 

- 6 2  
14 
15 
17 
18 
18 
5s - 104 
16 
80 - 41 
40 
3B 

'MOTE 

- 

- 

CARBONATWBICARBONATE URANIUM-CONTAMINATED SOIL WASHING 
20.0 DTPH SOIL INPUT, COARSE SEPARATION AND LEACHING 

STRUM DEGCRIPTlON 
(BASa, ON FLEXMET BALANCES) 

SOIL FEED TO QRIZZLY 
QRl2ZLY OVERSIZE (M') TO SCRUBBER 1 
QMPLY UNDERSIZE (-4') TO SCRUBBER 2 
TROMMEL OVERSIZE (+fR') FROM SCRUBBER 1 
TROMMELOVERSIZE (+ln*) FROM SCRUBBER 2 
SCRUBBER 1 WASH WATER 
SCRUB8ER 2 WASH WATER 
WET QMZLY SPRAY CARBONATE GOLUTK)N 
SCRUBBER 1 AECYCLECMIBdNATE~U"l0N 
SCRUBBER 2 RECYCLE CARBONATE SOLUTION 
WASHINQ h DEWATERINd SCREEN FEW 
SCREEN 018 (+2mrn) TO STOGKflLE 
SCREEN UlS (-Pmm) TO HOLDINQ TANK 
SCREEN WASH WATER 
COMBINED (+2mm) -TO DISPOSAL STOCKPILE 
CARBONATUslCARBONAfti'RU6ENt TO TRAIN 1 
NET MD to LEACH TRUN 1 
LEACH TRAIN 1 DISCCHARQE TO BELT FILTER 1 
FILTER CAKE BELT FILTER 1 
FILTRATE 1 TO IXCOLUMN 
DRY FLOCCUUNT 
DRY FLOC DILUTION (RECYCLE UXIWANT) 
DILUTED FLOCCULANT TO BELT FILTER 1 
DILUTED FLOCCULANT TO BELT FILTER 2 
RECYCLED FILTRATE 3 FOR REPULP 
CARBONATElslCARBONAfE REAGENT TO TRAIN 2 
FEED TO LEACH TRAIN 2 
FEED TO BELT flLTE)12 
FILTRATE2 RECYCLETO SCRUBBERS 
FITRATE 3 RECYCLE TO REWLP 1 
flLlRATE4 TO SAND flLTER BACKWAY 6 RECYCLE 
RECYCLE LIMIVIANT WASH FOR BELT FILTER 2 
FRESH WATER WASH ON BELT FILTER 2 
WASHED FILTER CAKE(-2mm) SNL to DRYER 
TOTAL LIQUID OXYQEN mX, r0 RUCtORS 
PHOSPHATEAOOmON BEFOREDRYER 
DRtB) gOlL fo DISPOSAL 
WAtERVAPdR FAOM DRYER 
1588) ON lNl"lK MA88 BAUNCES FOR REVISION 2 CAI 

SOLIDS UOUlO SLUM 
S.Q. 8.Q. 8.0. 
2.500 1.Ooo . 2.116 
2.500 
2.500 
4.600 
s.500 - - - - - 
2.500 
2.500 
2.500 

8.500 
2.600 
2.600 
2.500 
2.600 
2.600 
1 .800 

1.800 
1.800 
2.600 
2.600 
4.600 
2.500 
2.600 
2.500 
2.600 
2.500 

2.600 

2.500 
8.m 

- 

- 
- 

1 .m 
1 .m 
1 .m 
1 .OOo 
1 .m 
1.000 
1.015 
1.016 
1.011 
1.015 
1 .ooo 
1.01 1 
1 .ooo 
1.000 
1.212 
1.027 
1.027 
1.027 
1.027 
1.000 
1 .Ooo 
1.016 
1.016 
1.011 
1.212 
1.016 
1.015 
1.015 
1.011 
1.011 
1.016 
1.000 
1 .m 
1 .000 
1 .Ooo 
1 .m 

2.111 
2.111 
1 a23 

1 .o(M 
1 .m 
1.016 
1.016 
1.0111 
1.189 
1.823 
1.178 
1 .a00 
1 .on 
1212 
1.183 
1.173 
1.41 
1.027 
1.800 
1 .ood 
1.016 
1.015 
1.015 
1.212 
1.235 
1.236 
1.016 
1.015 
1.016 
1.015 
1.000 
1 .m 
1.000 
1 *OOo 
1 .823 

1 .ma 

- l.m 1.ooa 
IONATEIBICARBONATE FLOV 

BULK WT.W 
DENSITY SOLIDS 

90.0 88.W 
132.1 88.00 
132.1 88.00 
84.0 80.00 
84.0 80.00 
12.4 0.00 
02.4 0.00 
63.3 0.00 
63.3 0.00 
63.3 0.00 
74.1 24.60 
84.0 80.00 
73.4 23.20 
02.4 0.00 

119.8 80.00 
75.6 0.00 
79.8 22.50 
73.f 21.14 
80.8 50.00 
04.0 0.00 

112.3 100.00 
02.4 0.00 
03.3 0.08 
63.3 0.08 
73.1 8.00 
76.8 0.00 
77.0 30.00 
77.0 30.00 
63.3 0.00 
63.3 0.00 
63.3 0.00 
63.3 0.00 
02.4 0.00 
02.4 50.00 
02.4 0.00 
0.0 0.00 

82.4 0.00 
iEET(12112184) A N C  

p . 0  80.00 

SOLIDS LIQUID TOTAL TOT.QPN 
(=w m p w  (rn (YdWR) 
20.Oooo 2.7270 22.7270 (18.rn 
0 . m  0 . m 2  

18.sooo 2.6688 
0.2oOo 0.0506 
0.5oOo 0.0750 
O.Ooo0 6.0080 
0.0000 1.00080 
0.6oOo 2.5040 
o.oo00 22.3260 
o.oo00 22.3200 

10.6000 ~ . T M o  
l.SOOO 0.3760 

18.0000 m.3880 
0.0000 2.6010 
2.0000 0 . m  
0.0000 5.1526 

18.0000 0 1 . m  
18.oooO 67.18ao 
18.0180 18.0180 
0.0000 71.2200 
0.0300 0.06oO 
0.0000 44.2160 
0.0180 22.1080 
6.0180 22.1080 
0.6oOo 44.2160 
0.0000 1.3320 

18.0180 42.0410 
18.0180 42.0410 
0.0000 40.1120 
0.0000 30.071 
0.0000 11.0m 
O.oo00 38.0750 
0 . m  18.0sbb 

O.oo00 0.0217 
o.ob00 o.Oo60 

18.03w 4.6090 

i a . o w  i a . o m  

0.5882 (0.32 
2 2 . 1 ~ 8  41.78 
0.2!%0 (0.22 
0.3760 (0.33 
5.0080 20.01 
5.0080 20.01 
2.5040 @.ea 
22.3260 87.88 
22.3260 87.88 
79.2730 280.45 
1 .at!% 3.90 

77.3980 262.68 
2.6010 10.99 
2.6000 6.19 
6.1926 10.01 

79.9800 270.01 
8S.lSOO W.01 
30.0300 88.81 

0.0300 (0.0298 
u.2160 1rn.M 
22.1260 87.07 
22.1280 87.07 
U.2100 174.00 
1.5920 4.99 

w.0m 184.20 
60.osBo 194.28 
40.1120 181.12 
36.0750 142.01 
l 8 J m  71.00 
36.0750 142.01 
18.0300 72.05 
30.0720 144.11 
0.0217 0.08 
0.0bbd 0.00 

22.MW 46.83 

t i . 2 m  m . 1 7  
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ISSUE 2 
lev. 1 
STREAM 
NUMBER 

1 
2 
3 
4 
5 

101 
102 
50 
61 
62 
0 
7 
8 

103 
9 

61 
10 
11 
12 
13 
63 
63 
64 
e5 
M 
62 

15 
17 
18 
18 
6!3 

104 
18 
80 
41 
40 
58 

$14 

0.- 13.5270 13.6270 I 54.04 
OUNIERCURRENT, fWO-TRAIN LUCHINQ 



SHEET 2 

- 
STREAM 
NUMBER 

sc 
61 
62 
63 
64 
I - e1 - e2 
13 
17 
18 
10 
20 
22 
23 
24 
26 
28 - 27 

'r 28 
a2 
28 
80 

33 
34 
3s 

38 

- 37 
- 9 8  

104 
-60 
m 

- 5 8  
b S @  

'NOW 

I__ 

a i  

- 

CARBONATE/BICARBONATE URANIUM-CONTAMINATED SOIL WASHING 
20.0 DTPH SOIL INPUT, URANIUM REMOVAL & LlXlVlANT RECYCLE 

STREAM DESCRIPTION 
(BASED ON FLWMET BALANCES) 

WET QRQY SPRAY CARBONATE SOLUTION 
SCRUBBER 1 RECYCLE CARBONATE SOLUTION 
SCRUBBER 2 RECYCLE CARBONATE SOLUTION 
DRY FLOC DILUTION (RECYCLE LIXIVIANTJ 
RECYCLED FILTRATE 3 FOR REWLP 
RECYCLE LIXMANT WASH FOR BELT FILTER 2 
CARBONATEIEICARBONATE REAQENT TO TRAIN 1 
CARBONATVslCARBONATE RUQENT TO TRAIN 2 
FILTRATE 1 TO IXCOLUMN 
FILTRATE 2 RECYCLE TO SCRUBBERS 

FILTRATE 4 TO SAND FILTER BACKWASH 1 RECYCLE 
FEED TO SAND ALTERS 
COMBINED FEED TO MCOLUMNS 
IX COLUMN DISCHARQE 
STRIP SOLUflON TO MCOLUMNS 
PREQNANT STRIP SOLUTION FROM IX COLUMNS 
PRECIPITATION CIRCUIT FEED (CONTINUOUS) 
HYDROQM PEROXIDE FEED (60H OLN.) TO PPTN. 
NaOH FEED (3M( SULN.) TO PPTN. 
RECYCLE MEKENER UIF AS SEED IN PPTN. 
URANYL PEROXlDE SLURRY TO THICKENER (NETJ 
THICKENER DECANT Off TO PRECOAT FILTER 
THICKENER Uff SLURRY 
FILTER PRESS FEED 
FILTER PRESS FITRATE TO PRECOAT FILTER 
FILTER PRESS URANYL PEAOXlDECAKE TO DISPOSAL 
NET FEED TO PRECOAT FILTER 
NET FEED TO RECYCLE MAKEUP 
BLEED REGENERATE TO AWWT 
SODIUM CHLORIDE TO STRIP SOLUTION MAKEUP 
HYDROCHLORIC ACID TO STRIP 80LUTION MAKEUP 
FRESH WATER IN STRIP MAKEUP 
LlXIVlANT BLEED TO AWWT 
RECYCLE LlXtO CARBONATE MAKEUP 
BULK SODIUM BICARBONATE MAKEUP 

FILTRATE a RECYCLE TO REPULP i 

BULK ODIUM CARBONATE MAKEUP 
WED ON INITIAL MASS EAUNCES FOR REVISION 2 CAR1 

SOLIDS LIQUID SLURR 
S.Q. 8.Q. S.Q. 
2.600 1.011 1.ow 
2.500 
2.600 
2.600 
2 . m  
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2.600 
2 . m  
7.800 
7.000 
7.800 
7.000 
7.800 
7.000 
7.800 
7.800 
7.000 
7 . m  
2.200 
2.200 
O.Oo0 
2.600 
2.500 
2.206 

1.011 1.011 
1.011 1.011 
1.015 1.011 
1.011 1.01f 
1.016 1.011 
1.212 1.21: 
1.212 1.21: 
1.027 1.027 
1.015 1.011 
1.016 1.01t 
1.011 1.011 
1.011 1.011 
1.011 1.01t 
1.016 1.01t 
1.108 1.m 
1.1w 1 . m  
1.108 1.1N 
1.187 1.181 
1.327 1.327 
1,108 1.931 
1.108 1.141 
1.108 1.106 
1.100 1.931 
1.108 1.931 
1.100 1.106 
1.106 3.080 
1.108 1.106 
1.108 1.106 
1.106 1.104 
1.100 2.200 
1.160 1.150 
1.000 l.m 

. 1.160 1.150 
1.000 1 . m  
1.m 2.200 

2.000 1.Doo 2.200 
HATEBIGARBONATE FLOWS 

BULK WT.% 
DENSITY SOLIDS _ _  ~- 

63.3 0.00 
63.3 0.00 
63.3 0.00 
63.3 0.00 
73.1 0.00 
63.5 0.00 
76.8 0.00 
75.8 0.00 
64.0 0.00 
63.3 0.00 
e3.3 0.00 
63.3 0.00 

63.3 0.00 
63.3 0.00 
00.0 6.00 
0.0 0.00 

00.0 0.00 
74.7 0.00 
82.8 0.00 

120.4 60.00 
71.8 4.21 
00.0 0.00 

120.4 60.00 
120.4 60.00 
00.0 0.00 

102.1 76.00 
ao.0 0.00 
00.0 0.00 
00.0 0.00 
m.0 100.00 
71.7 0.00 
82.4 0.00 
71.) 0.00 
82.4 0.00 
64.9 100.00 
64.0 100.00 

ET(1211W) AND C 

63.a 0.60 

SOLIDS LIOUID TOTAL 
fsTPHl fsTPHl lrnPM .- . . -  . . . 

0.0000 2.6040 2.504( 
o.oo00 
O.oo00 
0.0000 
0.0000 
0.0000 
O.oo00 
o.oo00 
O.oo00 
O.oo00 
0 . 0 0  
o.oOo0 
O.oo00 
0 . 0 0  
0.0000 
o.oo00 
0.0000 
0.0000 
o.Ooo0 
0.0000 
0.0891 
0.1881 
o.ooO0 
0.1881 
0.0931 
O.Oo(10 

0.0931 
O.oo00 
O.oo00 
0.M)O 
0.0411 
O.oo00 
0.0000 
0.0000 
0.0000 
0.6400 

22.3260 
22.3260 
u.21do 
u.2100 
SO.0750 
6.1320 
1.3320 

71 2200 
48.1120 

18.0380 
64.8040 
84.60040 
64.8040 
4.2300 
4.2300 
4.2300 
0.0030 
0.01 60 
0.0031 
4.2300 
4.0438 
0.1881 
0.0891 
o.wi0 
0.0310 
4.1058 
3.6053 
0.4106 
0.OOW 
0.0411 
0.3285 
8.2120 
6.1080 
0.OOW 

s( l .07~ 

22.328( 
22.328( 
u.216(1 
u.21a 
36.07M 
6.132(1 
1.332C 

71.22OC 
48.112C 
S07M 
l8.038t 
84.W41 

84.604 
4.2W 
4.230(1 
4.2304 
0.0036 
0.01w 
0.1881 
4.4181 
4.0499 
0.3722 
0.1861 
0.0820 
0.1241 
4.1059 

0.41Od 
0.0411 
0.041 1 
0.3286 
8.2120 
1.1080 
0.6400 

8 4 . ~ 4 1  

3.00853 

0.e480 o.oo00 0.6460 
UNTER-CURRENT, TWO-TRAIN L 
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87.88 
87.88 

174.00 
174.00 
142.01 
18.81 
4.M 

277.17 
181.62 
142.01 
71 .00 

333.04 
333.04 
333.04 
11.28 
15.28 
16.28 
0.010 
0.045 
0.30 

16.98 
14.81 

0.30 
0.22 

(0.048) 
14.83 
13.S 
1 . 1  - 
0.07 
0.14 
1.31 * 

28.63 
20.06 
(0.874 

o.n 

61 
62 
63 
64 
66 
81 
e2 
13 
17 
18 
19 
20 
22 
23 
24 
25 
20 
27 
28 
32 
29 
90 
31 
a3 
a4 

# a s  

38 
60 
37 
38 

104 
SO 
67 
68 

(0.872) I cis 
GHINQ 
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BICARBONATE HEAP LEACH - PERMANENT PAD 



THIS PAGE INTENTIONALLY LEFT BLANK 



IBTTRODUC2IOXt 

In order to provide a basis for the FY 95 ID Program for removal of 
uranium contamination from soils, revised process flowsheets have 
been developed which reflect experience in prbarY uranium ore 
processing as well as recent laboratory results on the contaminated 
soils. The approach taken has been to assume a relatively 
optimistic process performance as a basis for equipment selection 
and process design. In addition, the unit operations selected 
should be readily operable at the assumed operating conditions. If 
adequate performance for the selected process concepts and 
equipment selected are supported by laboratory tests, the capital 
and operating cost benefits over previous process flowsheets should 
be substantial. 

The following presents a brief process description of the revised 
Bicarbonate Permanent Pad Heap Leach flowsheets (Revision 2, 
11/21/94) and some key process assumptions used as the basis for 
initial material balances used for equipment sizing. 

C O W E  SOIL AM) TRABH SEPABaTIOEJ: 

The initial-separation of the oversize, coarse size fraction and 
trash components of the soil (+150 mm) is accomplished using 
equipment which minimizes the amount of liquid (lixiviant and fresh 
water) added to the system. The goal is to produce a -150 mm soil 
feed, without tramp material, which can be transported to and 
reclaimed from a covered soil stockpile. 

The soil feed to the process is initiated by reclaim from an 
asphalt soil receiving pad where trucks dump the excavated soil or 
by direct feed from the excavation operations. A loader directly 
feeds a dry grizzly with the soil and scalps off oversize and trash 
materials (+150 mm) in the soil. The grizzly is elevated such that 
the oversize fraction flows by gravity to the drum scrubber and the 
undersize fractions flow by gravity to the coarse soil feed 
conveyor. Tbe pad is bermed for containment and has a reclaim sump 
for drainage liquid and solids. 

The oversize material from the grizzly reports to the Rotary D r u m  
Scrubber in which the oversize soil is mixed with recycle lixiviant 
as a slurry to wash off any adhered, small-size soil and to 
solubilize uranium staining the surface of the coarse particles 
using the leaching action. The drum scrubber is equipped with a 
solid drum section and dewatering drain for slimes removal as well 
as a trommel screen extension where rinsing with fresh water 
removes most of any dissolved uranium. 

1 



The undersize soil slurry (-150 mm) from the DrumScrubber flows by 
gravity as feed to a dewatering screen. The trommel oversize (+I50 
mm) is discharged to a stockpile for subsequent return to the site 
for disposal, The turbid water from the dewatering screen (which 
contains about 1.0% solids in suspension and some dissolved 
uranium) flows by gravity to a live-bottomed sump and pump which 
delivers it as feed to turbid water clarifier/thickener for 
recovery and removal of the suspended solids and recycle of the 
dissolved uranium with the lixiviant recycle for ultimate recovery. 

The screen oversize soil joins the grizzly undersize on the coarse 
soil stockpile f eed/stacking conveyor is transported to the covered 
stockpile building and stacked in a stockpile on the floor of the 
building. The soil is deposited into the stockpile during day-time 
excavation operations consistent with the excavation contractor's 
schedule (presumably 4 or 5 day week). It has the capacity to 
store 2,400 tons soil ( ~ 2 , 0 7 5  yds3) or approximately 3 excavation 
days inventory. 

The covered stockpile building also is equipped with high-lift, 
garage-type doors which would permit direct dumping and movement of 
excavated soil to the stockpile, by-passing the oversize grizzly, 
if desired. Likewise, pad area outside of the stockpile building 
permits mobile equipment (dump trucks, dozers, loaders, etc.) to 
move the soil directly into the covered stockpile by direct dumping 
on the pad. The pad (and inside building floor area) is contained 
by berm and has a slurry sump and pump for reclaim of drainage 
liquids or solids from the soil. 

A variable-speed feed conveyor (with weigh section) reclaims the 
soil from the stockpile using an under-the-pile feeding system and 
delivers it to a transport conveyor at a perscribed rate. This, in 
turn, delivers the soil to an agglomerating drum for mixing with 
sand and subsequent delivery to the leaching pad construction. 

A diluent bulking agent (sand/gravel) is mixed with the soil to 
form an agglomerated soil/sand blend which has enhanced net 
permeability for leachate percolation in the heaps. Laboratory 
testing has established that an acceptable percolation rate can be 
achieved with about 20 to 50 net weight percent of the diluent sand 
added to the clayey soil. An initial permanent pad heap design is 
based on an assumption of 20% by weight sand (dry basis) added to 
soil . 
The sand is received from trucks dumping on an asphalt receiving 
pad similar to the soil receiving pad. It is stockpiled (up to one 
week's inventory) for blending with soil during pad construction. 
Reclaim of required sand is by loader directly into a conveyor feed 
hopper and is transported directly to the agglomerating/blending 
drum. The belt is equipped with a weigh section for rate control. 
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The agglomeration drum receives soil sand and possibly, an 
agglomerating agent which are mixed and blended i a  the rotating 
cylinder to form a blended mixture for leaching. As yet, the type 
and requirements of the agglomerating agent are unspecified, but it 
is likely that a surface active or wetting agent along with liquid 
to control the SOil/Sand blend moisture content could be used. 
Pozzolanic agents, such as Portland cement and lime have been 
tested, but have reduced leaching rate and uranium removal 
efficiency. Their use, however, have not been optimized, The 
agglomerated or blended soil/sand mixture is discharged from the 
agglomerating drum to a cross-country conveyor which transports it 
to the leach pad for heap construction. 

The philosophy of the above coarse ore separation circuit is to 
produce a feed soil/sand blend which can be transported and stacked 
in heaps in the heap leaching cells which has no trash or 
extraneous components, This will facilitate materials handling 
transport and reclaim from the leach pads after uranium removal by 
percolation leaching. In addition, the oversize and trash 
materials in the soil will have been separated and washed w i t h  
lixiviant to remove adhering fines and surface uranium 
contamination. This coarse soil fraction would also be rinsed with 
fresh water prior to return to the site. 

. 

The simplified approach to handling and storage of the excavaked 
soil using a cylindrical, covered soil storage building with an 
under-the-pile reclaim system similar to that used in the mining 
industries would not only present a. significantly-less costly 
alternative to the previously proposed soil storage building, but 
also could satisfy all of the environmental concerns and 
constraints for soil handling, This alternative also should 
require less manpower to operate to feed soil to the downstream 
processing. It coula be considered for any of the ID technologies. 
for uranium removal. 

The above equipment should be capable of this goal without the need 
for mechanical dewatering prior to leaching and also should 
minimize slurry pumping, Use of the leaching solution (i,e. Belt 
Filter 2 filtrate) from the Leaching Train 2 as the primary rinsing 
and motive liquid for the soil slurry achieves a true counter- 
current and high-efficiency leaching system. 

COblpEb3TIOI!lAZ PEZMWEMT PAD HEAP LEACEIXG CIRCUIT: 

The heap leaching strategy proposed for a conve<tional, permanent 
pad, movable heap leaching process for uranium removal from 
contaminated soils is discussed below. The definition of the 
"permanent pad, movable heap" component is that a reusable leach 
pad area is constructed and the soil to be leached is moved onto 
and stacked on the pad where it is leached and rinsed. It is then 
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removed from the pad and placed in  a new, envfronmentally- 
controlled stockpile or returned to the excavation site for 
backfill . 
The '@permanent padn which is designed to contain and recover the 
leaching solutions is loaded and reused many times during the 
project operation. Typically the pad is made of asphalt with 
berms, perforated drainage piping, sumps and pumps for solution 
containment and control. The pad is covered with a crushed rock 
protective layer (12-18n thick) to prevent damage by mobile 
equipment and to provide a permeable drainage layer to facilitate 
leach solution recovery. 

This strategy contrasts with the alternative conventional heap 
leach strategy of "permanent heapn construction. In the "permanent 
heap" scenario an impermeable pad is prepared, Usually using a 
plastic membrane or clay liner material, to hold the heaps and to 
contain and recover the leaching solutions. This pad is also 
protected by a gravel or crushed rock layer which facilitates 
solution drainage. This may also be assisted by incorporating 
perforated piping in the coarse rock layer. The soil (or ore in 
minerals processing) is stacked onto the pad using conveyor 
transport and stacking or by dumping from trucks and mounding i n t o  
heaps using low-bearing pressure dozers and loaders. The permanemt 
heaps remain in place after the leaching cycle and the soi.1 or rock 
is stabilized in place. 

The p e r m a n e p a c  movable heap scenario typically uses heaps which 
are relatively thin-. layer (6f to 12' thick)- as compared to the 
permanent heap-sc w h i c h  are. zelatively thick (-20' to 30') .-: This 
thickness of leaching material in the heap effects the leaching 
cycle (i.e. the duration of time for leaching) and the solution 
application strategy (Le. the fraction of time during the leaching 
when leach solution is being applied to the top of the heap). 

The permanent heaps typically are leached for a relatively-long 
time duration (60 to 180 days). Leaching solution may be applied 
intermittently or w i t h  low specific application rates during the 
leaching cycle. The permanent heaps usually are constructed w i t h  
more than one nliftn which is more than one layer of material being 
leached. The permanent heap after a leaching cycle is noverdumpeda 
with additional soil (or ore) material and a new heap layer is 
constructed. Drainage pipes between lifts may be used to 
facilitate solution recovery and new spray or solution application 
systems are installed on the top of the new lift. 

The leaching is re-initiated and the fresh material leached as 
before by starting application of leaching solutions to the top of 
the upper heap layer. However, there will be some percolation of 
leach solutions into the underlying layer(s) . Theref ore, 
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additional solution contact and leaching will continue in the lower 
layers of the heap and those solutions will be recovered by the 
original, impermeable pad. Thus, higher ultimate levels of leach 
extraction are achieved with the multiple-layer, permanent heap 
leaching scenario. 

A primary advantage of the multi-lift, permanent heap is that less 
real estate is impacted by the heap leaching operation. In 
addition, the pad liner and containment systems continue to protect 
the environment from rainwater percolation through the spent heaps. 
This scenario also has the advantage in that the soil (or ore) is 
only moved once; that is, to put it onto the heap. The higher heap 
structures (typically up to 80' thick with multiple lifts) also 
would result in less area to permanently stabilize upon closure of 
leaching operations. Such heaps are conditioned with stabilization 
agents at the surface, covered with top soil and revegetated with 
ground cover and root-structure plantings. Since commercial ore 
mining operations, where such heap leaching is typically practiced, 
are usually in remote locations, the above practices and 
environment requirements are satisfactory. However, in a semi- 
urban or farming environment, additional restrictions and 
requirements could eliminate a conventional, permanent heap 
leaching strategy from consideration. 

Perman ent Pa4 

The permanent pad, movable heap scenario has a number of advantages 
for heap leaching of contaminated soils in comparison to ore 
leaching operations. Although the permanent pad practice is used 
in ore leaching operations (thin-layer leaching for copper and gold 
ores), the permanent heap scenario is the typical method. However, 
when the permeability of the ore is low (for mill tailings 
leaching, fine crushed ore or for clayey ore types) or when a high 
exposure to air for oxidation is required (e,g. for sulfide copper 
ores), the permanent pad, movable heap scenario is the preferred 
method. Likewise where there is limited space for permanent heaps 
or where the leached residue material is required for backfilling 
the excavation (surface or underground mine), the permanent pad 
scenario has been favored. 

The permanent pad, conventional heap leach scenario for extraction 
of uranium from contaminated so i l s  proposed here utilizes a 5-cell 
leaching strategy. A cell is a specifically designated, segregated 
and separately-operated leaching area on the pad. There are three 
cells where active leaching, i,e. leach solutions are being applied 
and recovered, is going on at any time, There is one cell where 
new soil is being transported to, stacked on and being prepared for 

'c leaching. This, for example would include: leveling out of the top 
of the soil heap, construction or laying out of the leaching 
solution distribution and spray system piping. 

The last cell would contain the soil which has finished its three 
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leaching cycles, a rinse cycle and has drained. After draining of 
most of the contained water within the heap, the leached soil would 
be reclaimed and transported to a holding pad for disposal. After 
leached soil removal, the cell would be prepared to receive fresh 
soil during the next cycle where it would be loaded to repeat the 
leaching cycles. 

For purposes of design, to facilitate operational cycles and to 
support the laboratory data on the time requirements for leaching 
of the uranium in the soil, a seven-day cycle duration was chosen. 
For three leach cycles, this would provide at least 18 days of 
active leaching of the soil. The balance of the time for leaching 
(fir3 days) would be used for applying rinse water and initiation of 
a drainage cycle to allow dewatering of the heaps. The seven-day 
cycle is also consistent with the time required for heap leaching 
which ranged in the laboratory from 14 days to 20 days for the 
practical leach time limit. 

The primary rational for the seven-day cycle is that it is very 
compatible with a normal 4 or +day work week by an excavation and 
earth-moving contractor. What this pennits is that the soil would 
be excavated during day shift only (on a 4 or 5-day basis) and 
would be transported by truck to the soil stockpile. During this 
time period, the new heap cell is being loaded with fresh soil and 
the last leached cell is being unloaded of leached soil. The 
excavation rate, the pad loading rate and the pad unloading rate 
need not match exactly. The new soil stockpile (receiving pad and 
storage building) and the leached soil receiving pad provide a 
buffer and surge between the materials-handling operations. 

At an overall weekly average of 20 dry tons per hour (dtph) soil 
throughput rate, the excavation contractor may be operating and 
delivering soil to the receiving pad at a dynamic rate of 112 dtph 
for say 30 actual operating hours per week. Likewise the 
agglomeration/blending and pad loading operations may also be 
operating at the same or different operating rate but on a 
different operating schedule than the excavation activities. The 
pads could be loaded in a weekly cycle for 30 hours at a dynamic 
rate of movement of soil of 112 dtph or it could be loaded in 20 
actual hours at 168 dtph rate, etc. Likewise, the leached soil 
reclaim and transport operations could be done with a different 
schedule or even different days of the week by the same contractor. 

The 3-cell strategy is to load one weeks worth of excavated soil in 
one cell during the first week, leach it-for three-cycles (or about 
three weeks) and then rinse, drain and remove it from the cell to- 
a staging pad for disposal during the fifth week. The rates and 
timing of  the material movement to and from the leach pad can be 
flexibly organized to fit the excavation contractor and the soil 
materials handling requirements to and from the leaching pad. In 
addition, minbum interference with the leaching operations would 
result. 
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The primary advantage of the 3-cell leach and 3 operating cycles is 
that it permits @@stackingH or counter-current movement of solutions 
through the soil heaps. In the "stacking" arrangement proposed in 
the design, fresh soil is first leached with pregnant solutions 
from previous leaching cycles (2) . The most easily leached uranium 
is, therefore, easily extracted using the #intermediate preg" 
solution as the lixiviant in the first cycle (6-7 days). The 
bicarbonate-based lixiviants are partially consumed during 
leaching. Therefore, the most concentrated soil would be contacted 
by the lixiviant which is most depleted in complexing agent. 

The resulting leach solutions collected at the bottom of the heap 
and in the solution sump would be the "pregnant solutiono1 advanced 
to the recovery/removal system for uranium. It would first be 
pumped to a npregnant solutiong8 pond located adjacent to the leach 
pad for surge and storage and then reclaimed and delivered to the 
pregnant solution storage tank in the uranium recovery circuit. 

The soil, with its residual levels of uranium, would now be leached 
in a second leach cycle (6-7 days) using 88weak pregN solution 
resulting from a third leaching cycle on another cell. This would 
then produce the "intermediate preg8@ solution with intermediate 
concentrations of uranium in solution which would be used as the 
lixiviant for the fresh soil in a first leaching cycle.. It would 
be collected in the cell sump and pumped for storage into the 
88intennediate preg" pond until require for heap application. 

The residual soil in a specific cell on the leach pad after two 
cycles of leaching is now leached using fresh lixiviant (i.e. with 
little residual uranium and with freshly reconstituted lixiviant 
strength). Therefore, the counter-current nature of nstacking8a the 
solutions would now leach the most-difficult-to-leach uranium with 
the strongest (and least concentrated in uranium) lixiviant 
solution. The produced solutions from this cycle of leaching are 
the "weak prego8 solutions used in the second cycle of leaching. 
They are collected and pumped for interim storage in the "Weak 
preg" pond. 

The counter-current strategy not only most efficiently leaches the 
out the uranium in the soil, but it significantly reduces the 
volume of produced pregnant lixiviant which needs to be processed 
to remove the solubilized uranium. Compared with parallel (not 
counter-current in series) leaching of three cells of soil 
approximately one-third the amount of produced solutions would 
result which would need subsequent treatment and uranium recovery. 
The concentration of the solubilized uranium in the resulting 
pregnant leachate would also be approximately three times that for 
parallel leaching of the three cells. The recovery circuit, in 
this case solid ion exchange, would also work more efficiently if 
the solution tenor feed to the ion exchange were higher. 



. wach Pad Desiqn 

Some description of the leach pad and individual cells have been 
provided above, the following provides the specific description of 
the permanent pad for soil leaching. 

The pad itself will be constructed of multiple layers of asphalt 
(6-9" thick total) laid down over a compacted layer of clay or soil 
as a back up impermeable barrier to solution migration. This is 
covered with a geotextile fabric and secondary impermeable barrier 
of fuse-welded HDPE sheet (40 mils) . This secondary liner extends 
beyond the asphalt pad layers and is rolled into an earthen berm 
surrounding the leach pad to provide secondary containment. Any 
drainage f r o m  the secondary liner is directed toward a sump with 
pump located at the lowest point of the sloped pad. There any pad 
run-off or rainwater would be pumped into the recycle lixiviant 
pond. Rolled asphalt berms approximately 6N high surround the 
edges of the pad and separating the cells from each other. 

To contain one week soil inventory (@20  dtph average soil 
processing rate), one week of the associated sand or gravel as the 
bulking agent to improve heap permeability and to allow about 5 to 
10 feet of pad area around the heap, each cell would be 165'Lx 
85'W. Each cell would hold about 4,230 tons soil/sand mixture and 
would have 8,460 ft2 of  exposed top surface for lixiviant 
application. The total pad area would be 165' x 430'. The asphalt 
pad is sloped ( ~ 5 0 )  toward one side (with the soil reclaim 
conveyor) and each cell on the pad is sloped to the center. 
Lateral drainage pipes would direct leach solutions to the preg 
sump and pump after they percolate to the bottom of the heap. 

Leachate is applied to the surface of the soil heaps using 
irrigation drip emitters which slowly apply the solution in a 
distributed fashion. Typically, each emitter applies up to 5 
gallons per hour and are spaced about 18N to 2 '  away from each 
other on HDPE plastic lines spread fromlateraldistributor headers 
located on the ends of the cells (parallel to the loading/reclaim 
conveyors) . Leach solution flow to each cell is controlled and 
monitored (i.e. metered) by separate piping and valve systems for 
each of the applied solutions. Piping systems for delivering fresh 
water, fresh lixiviant, weak  preg lixiviant and intermediate preg 
lixiviant are provided for each cell (IiDPE or: PVC). Similarly, 
piping and valving systems to direct the solution collection sump 
pump to the proper storage pond are also provided for each option. 

Fresh liXiviant is regenerated by addition of carbon dioxide (as 
liquified carbonic acid) to the recycle lixiviant in a by-pass 
mixing tank. Provisions to add bulk sodium bicarbonate are also 
provided (volumetric feeder and mixing tank). The concentrated 
bicarbonate solution from the mixing tank is metered into the 
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recycle lkiviant to produce the correct concentration of fresh 
lixiviant on the way to application on the heap.- 

pad Loadina and UnloadiLZg 

A cross-country conveyor system delivers the soiljsand blend 
discharged from the rotary drum agglemerator to the leaching pad 
cells. It is runs down one side of the cells and pad. A 
travelling tripper is moved along the cross-cow- conveyor and 
positioned at the cell which is to be loaded with soil. This 
tripper discharges the soil/sand mixture unto a series of portable 
conveyor sections which transports it along the length of the cell 
and delivers it to a stacking conveyer which elevates the soil and 
stacks. The stacker has a telescoping section which moves back and 
forth to spread the soiljsand mixture into the desired heap profile 
and approximately lo' in height. The rubber-tired stacking 
conveyor section is also periodically manually moved laterally to 
provide lateral Hrow" of stacked soil. 

This loading process continues until the cell has a "rowH of 
soil/sand blend about 10' wide by 60' long laterally across the end 
of the cell farther from the cross-country transport conveyor. The 
portable conveyors and stacker are then moved closer to the empty 
end of the cell and a new Hrow*l of soil/sand blend is begun. This 
loading process continues and retreating with the portable 
conveyors toward the empty end until the cell is fully loaded. The 
top of the heap is leveled using low-bearing pressure equipment. 
The leachate lateral and emitter distributors are arranged along 
the top of the heap and connected to the lixiviant supply headers 
located along each end of the cells (along side of the pad). The 
new soiljsand cell is now ready to initiate leaching. 

The emitters are used since they will eliminate any potential for 
wind blown liquid spray (such as would result from sprinklers) and 
they can be spaced to insure uniform solution coverage over the 
surface and subsurface in the heap. Total flow and distribution of 
flow over the entire heap can also be precisely controlled. 
Although only applied as a point source every 1% to 2 ' ,  through the 
capillary action of the soil and the nature of percolation leaching 
nearly 99% of the soil will be contacted by the lixiviant. Even 
areas on the surface between the emitters will get some exposure to 
leachate and will be leached due to the nwickingll and lateral 
movement of solutions. Any surface rainfall will also distribute 
lixiviant and flush the surface of dissolved uranium. 

After the three leaching cycles are completed, the heaps are rinsed 
with fresh water which is applied through the same emitters. 
However, since there are less concerns about "pending" or surface 
collection of solutions on the surface, the fresh water application 
rate for rinsing is typically 1% to 2 times the leaching rate 
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application. This also insures flushing of the surface soil. The 
rinse application cycle continues for 1 to 2 days and fs followed 
by 1 to 2 days of heap drainage. During active heap leaching, the 
heap is only 40060% (by volume) saturated with liquid. It will 
drain naturally to about 30% liquid by volume or about 209 by 
weight. 

After drainage, the soil is reclaimed by front-end loader which 
places the soil into a portable conveyor feed hopper where it is 
transported and discharged onto the cross-country reclaim transport 
conveyor. The unloading procedure is the reverse of the cell 
loading in that the end of the cell closest to the cross-country 
conveyor is loaded first and additional portable sections are added 
to the cell reclaim conveyor system as needed. This unloading of 
the soil continues until the cell is empty. The layer of crushed 
rock for drainage is not disturbed during the reclaim since it will 
serve as the base for the next load of soil on the heap. 

The leached soil cross-country conveyor discharges to a leached 
soil pad where the soil is stockpiled prior to return to the 
disposal site. Alternatively, it can discharge directly into the 
transport trucks on the leached soil pad which transport the 
leached soil back to the disposal site. Control of the excavation, 
soil stockpile and reclaim/disposal operations, schedule and 
transport rates can maximize the use of moving equipment associated 
with excavation and transport of the soil. The same trucks which 
bring newly-excavated soil to the soil receiving pad can be loaded 
with leached soil for the return trip to the disposal site. 
Alternatively, excavation can be done for 2-3 days of the week and 
return of leached soil for disposal can be done also for 2-3 day6 
of the week. 

URANIUM RECOVERY SYSTEM (I. LOADING SYSTEM) : 

For the soil decontamination system, the simple fixed-bed carrousel 
IX system for removal and recovery of the solubilized uranium is 
proposed. This will permit significant recycle (greater than 90%) 
of the lixiviantto be recycled and reused after uranium removal. 
This, and the limited use of fresh water makeup, will also minimize 
solution bleed and subsequent treatment requirements. Ion- 
exchange for uranium removal from carbonate lixiviants is a proven 
system being used commercially for over twenty years. 

The pregnant heap leach solution is pumped from the preg storage 
pond located near the leach pad to a pregnant solution tank located 
at the recovery plant. Under the 3-cycle, counter-current heap 
leaching scenario, approximately 18 . 0 gpm of pregnant solution will 
be produced for a 20 dtph average soil throughput rate. This is 
approximately one-twentieth the volume of solution which would be 
produced by an agitated soil washing carbonate leach process. 
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This solution, used as feed to the ion-exchange system, is first 
filtered in sand (multi-media) filters to remove any Suspended 
solids or turbidity. These sand filters operate in a continuous, 
alternate filtering and backwash mode. The intermittent backwash 
returns to the repulp tank for the second leaching train. The 
clarified pregnant leach solution proceeds under pumping pressure 
to the ion-exchange system feed tank which provides some surge 
capacity in the uranium recovery system. The smaller volume of 
solution (than the agitated carbonate soil washing system) would 
result in significantly smaller equipment for clarification and 
organic removal. 

The solutions are then pumped through down-flow, fixed-bed carbon 
guard columns which remove most of any dissolved or suspended 
organics (e.g. humic or fulvic acids, etc.) which may foul the 
uranium ion-exchange resins. These carbon guard columns also 
operate in parallel w i t h  an alternating loading and stripping 
cycle. 

A carbon regeneration system equipped with a storage tank with vent 
scrubber, a circulation system and steam-assisted carbon stripping 
provided to regenerate the carbon columns. This guard column 
system specific design requirements have not been defined at this 
point. It is likely that additional unit operations and bleeds of 
solid and/or liquid waste streams to disposal or to solution 
treatment would be required. The carbon itself may have to be 
replaced periodically with fresh carbon and regenerated off-line 
with a more severe treatment (such as solvent extraction or kiln 
regeneration) and subsequently recycled. 

If an alternate resin is used in the guard column instead of 
carbon, the regenerate systemrequirementswould also likely differ 
from those of the carbon columns. 

The pressurized solutions from the guard columns continue as feed 
to three fixed-bed ion exchange columns in the Loading Ion Exchange 
system. Different from the sand filters and guard columns, the 
uranium IX recovery system sizing is now driven primarily by the 
quantity of  uranium in the feed pregnant solutions, not the 
specific flow rate limitations of the fixed bed contractors. As a. 
result of loading limitations, the resin bed size (volume of resin) 
and stripping frequency determine the design. Although only 1/20 
the flow, the column diameter required is 58 versus 10' (1 /4  of the 
cross-sectional bed area) for the agitated carbonate soil washing 
process which is limited by specific solution flow rate. 

Sufficient feed pump pressure is provided to force the solution 
through all of the fixed beds in series without requiring boosting. 
The columns are configured as a carrousel which operates as two or 
three stages in series for loading. About half the time, the fkst 
stage with loaded resin is by-passed and is in a stripping cycle. 
The loading continues w i t h  the former second stage becoming the new 
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first stage and the third stage becoming the new second stage. 

When breakthrough occurs in the fkst of the three stages (i.e. the 
uranium concentration on discharge from the column is about 10% of 
the feed), it is taken out of service for stripping. In a fixed- 
bed ion exchange system for uranium, this occurs when the resin is 
loaded to about 90% of its maximum loading. When stripping is 
completed, the freshly-stripped column is restored to the series 
train as the new third stage. 

STRIPPIrSo AM) STRIP S O ~ U T I O b t  lsaxBuP: 

The stripping system for the heap leach process ion exchange 
systems is identical to that of the agitated carbonate soil washing 
process. A detailed description will not be repeated here. 
However, due to the limitation in the ion-exchange column design by 
resin loading and not solution specific flow (i.e. resin bed 
pressure drop), the following differences should be noted. 

The stripping frequency is now approximately once per day instead 
of one or two times per week per train. In addition, two columns 
will now be stripped per day, oneifor each train. Therefore, the 
volume of strip solution required (in a day or week) remains 

as required for stripping the larger columns 
less frequently for the carbonate soil washing uranium 
recovery/removal system. As a consequence, the strip system makeup 
requirements and systems within the peroxide precipitation 
system remain the same. 

PEROXIDE URSUlIUH PRECIPITAZIOXZ 

Since the quantity of uranium removed from the soil is 
approximately the same for each of the processes, the 
recovery/removal circuit (peroxide precipitation) which handles 
this uranium are the same for heap leaching as for agitated 
carbonate soil washing. 

Turbid water produced during the washing and rinsing of the 
oversize soil and trash components in the rotary drum scrubber and 
reclaimed from the soil pads by the sump pumps will contain some 
dissolved uranium. Likewise, the solid soil particles in the 
turbid water could also have some contained uranium. Therefore a 
circuit to add flocculant to the incoming turbid water, settle the 
solids in a thickener/clarifier and dispose of them by producing a 
filter cake is provided. 

Decant liquid from the clarifier, which contains some uranium, is 
added to the recycle lixiviant being returned to the feed ponds to 
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the heaps. This uranium, therefore, will be integrated into the 
leaching solution makeup and be subsequently recovered from the 
pregnant solutions produced by the heap leaching process. 

The turbid water system is sized to accommodate up to a maximum 50 
gpm feed. Normal feed rates expected to be less than 10 g p m  
average rate on a continuous basis. 
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The following preliminary process design assumptions were used in 
flowsheet development, mass balance derivation, equipment selection 
and preliminary sizing: 

COARBE BOIL BEPABBTION: 

Nominal throughput rate 
hours/week) . 112 dry 

I 
tons soil/hour (30 

Soil moisture content average of 12.0 wt.%.  

Recycle lixiviant and fresh water addition t o  the scrubber are 
controlled to minimize turbid water generation. 

Coarse oversize soil (+150 nun rocks, roots, etc.) is assumed 
to be c1.0 wt.0 soil. 

Soil stockpile storage capacity: 2,400 tons, 2,075 yds3. 

Under-the-pile-reclaim: Nominal 112 dtph, maximum 168 dtph. 

Sand ratio to soil: Nominal 20 wt.% (range: 10-50 wt .%)  

Agglomerating agent: Unspecified 

Feed soil/sand to cell loading: Nominal 151 tph (120 yds3/hr) 

Reclaim rate for leached soil/sand mixture: Nominal 167 tph 
(144 yds3/hr) 

Leaching cycles: 3 ,  counter-current with "stacked" lixiviant 
solutions. 

Leach time per cycle: 7 days (range: 6-7). 

Total leach time: 21 days (range: 18-21) 
4 

Height of heap: 10' 

Leaching solution application rate: 

Rinse water application rate: 

0,0025 gpm/ft2 

0.0025-0,005 gpm/ft2 

Operation/day, i,e. solution application to heap: 100% 

14 



Storage pond sizing: 150' x 50' x 10' with sump and pump box, 
Working Volume 300~000 gallons each, (9 
days solution inventory) 8 Maximum Volume 
6OO,OOO each, based on accepted good heap 
leaching practice. 

Pregnant solution storage tank (solution to IX) based on 2 
hours residence time (@36 g p m ) .  

Recycle lixiviant tank based on 2 hours residence time (@36 
gpm) 

Sand filter backwash tank based on minimum of 2 wetted volume 
backwash cycles . 
Sand filter specific flow rate of 5.0 gpm/ft2. 
ft. 

Bed height 6 

Guard column specific flow rate of 2.5 gpm/ft2. 
ft. 

Bed height 6 

Ion exchange column specific flow rate of 2.0 gpm/ft2. ~ e d  
height 4 ft, 

Ion-exchange maximum loading of 100 lbs uranium/ton resin. 

Resin replacement rate nominally 3% of inventory/year. 

Materials of construction: 316 S.S. or rubber lined C.S. 

STRIPPING Arm STRIP BOL,VTIObl MaxEuPr 

Carbon replacement rate nominally 10% of hventory/year. 

Bed volumes of strip solution, 5 design (7 max.), 

Bed volumes of fresh water rinse, 1 design (2 max.). 

Resin strip solution nominally 1, o molar NaC1, 0 .  IO molar HC1, 
PH = 2.5-3.0. 

strip solution specific flow rate, nominal 0.10 gpm/ft2, 
maximum 0.20 gpm/ft2. 

Working volume 8,100 gallons each of two. 

Materials of construction: 316 S.S. or rubber lined C.S. 

15 



PEROXIDE VBBMUX PRECIPITATIOH: 

Design feed rate 4.78 gpm (half-time operation). 

Residence tbe/stage = 90.0 minutes. 

Limit for pH (minimum) = 2.0. 

Materials of construction: HDPE, fiberglass or rubber lined 
C.S. 

Hydrogen peroxide feed to: tank 1 and tank 2. 

NaOH feed to: tank 4 and tank 5. 

Thickener W/F slurry recycle: 
uranium, range: 0-400%. 

nominally 100% new feed 

Thickener unit area: based on 1.0 m/hr fall velocity and 
maximum 30 gpm feed rate (0.40 gpm/ft2 specific flow rate) . 
Thickener U/F density: nominal 40 w t . %  solid, (range: 25- 

Recessed plate t frame uranium peroxide filter unit area based 
on 27.3 ftf net cake.capacity, one filtration cycle/day. 

50%) 

Precoat filter unit area based on 1.0 gpm/ft2 specific flow 
rate, 50 g p m  maximum feed rate, One backflush cyclelday as 
precoat to recessed plat t frame filter. 

Bleed rate: lixiviant ~ 8 . 5 %  C.L. (range: 5 0 1 0 % ) ~  strip 
solution =10.0 % C.L. 
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SHEW 1 BICARBONATE HEAP LEACH OF URANIUM-CONTAMINATED SOILS - PERMANENT PAD LEACH 10-Jan-M 

112.0 DTPH SOIL INPUT (30 HRSNVK), COARSE SEPARATION AND LEACHING 
STREAM STREAM DESCRIPTION SOLIDS LIQUID SLURRY 
NUMBER (BASED ON FLMMET BALANCES) 8.Q. S.Q. S.Q. 

ON 30 MATERIALS HANDLINQ HOURWVEElQ 

2 O I L  FEED TO QRIZZLY 2.600 1 .Ooo 
a QRIZZLY OVERS~ZE (e.) TO SCRUBBER 2.600 1 .000 
4 QRIZZLY UNDERSIZE(4') TO COARSE SOIL CONVEYOR 2.500 1 .000 
6 fROMMEL OVERSIZE (W) f R6M SCRUBBER 2.500 1 .Ooo 
0 SCRUBBER UNDERSIZE FEED TO DEWATERINQ SCREEN 2.600 1 .m 

61 RECYCLE BICARBONATE LfXlVlAM WASH - 1.016 
101 SCRUBBER FRESH WASH WATER - 1 .000 

7 DEWATERED SCREEN 018 TO STOCKPILE FEED BELT 2.600 1.000 
8 SCREEN U18 (TURBID WATER) TO CLARIFIER 2.600 1.007 
0 COMBINED WOK TO LEMH FEED STOCKPILE 2.600 1 .Ooo 

10 COMBINED O I L  TO AQQLOMERATOR 2.600 I .000 - 11 SANDKIRAVEL BULKINQ AdENT FEED TO AQQLOMERATOR 2.- 1 .000 
L 12 AQQLOMERAllNQ AQENT(UN~1FIED) 2.600 1 .Ooo 

19 SOIUSAND BLEND to H W  CONSTRUCTION 2.876 1.000 
2.676 1.007 14 LEACHW 801USAND BLEND RECLAIMED FROM PADS 

2.119 
2.119 
2.119 
1 .e29 
1.111 
1.015 
1 .Ooo 
2.119 
1.014 
2.119 
2.119 
2.271 
1.000 
2.176 
1 .eo4 

I I 

BULK WT.W 
DENSITY =LIDS 

00.0 88.00 
80.0 88.00 
90.0 88.00 
84.0 80.00 
48.6 16.64 
03.5 0.00 
82.4 0.00 
02.6 88.00 
03.2 1.00 
w.0 88.00 
00.0 88.00 

1H.4 90.00 
0.0 0.00 

82.7 88.89 
86.8 80.W 

SOLIDS LIQUID TOTAL 
(STPH) (STPH) (mH) 

112.oooo 
2.8000 

108.2000 
0.8OOO 
2.0000 
0.oOoo 
O.oo00 
1.0010 
0.0880 

111.1010 
111.1010 
22.2202 

O.oo00 
133.8212 
133.3212 

16.2727 
0.3818 

14.8808 
0.2000 

1O.OlW 
6.0080 
6.0080 
0.2692 
9.7660 

16.1601 
16.1601 
2.4089 
O.ooo6 

17.0190 
33.9903 

127.2727 
5.1818 

124.0900 
1 .oooo 

12.0160 
5.0080 
6.0080 
2.1602 
9.8m 

128.2611 
128.2611 
24.0891 
0.0000 

160.8402 
lW.eSl6 

ISSUE 2 
Rev. 0 

roT.~pM STREAM 

(yd3MR) NUMBER 

(104.72) a 
(2.62) a 

(102.10) 4 
(0.88) 1 
49.21 a 
10.71 61 
20.01 101 
4.07 7 

38.86 1 
(103.88) 4 
(103.88) 14 
(17.lq 11 

0.00 11 
(120.60) 11 
(143.01) 14 



SHEET 2 

NUMBER 

* l6A 
1w 
1ffi 
16D 
16E 

8 
60 
s1 
62 

62L 
WA 
WE 
WP 
S4L 
WA 
I E  
I P  
6SL 
lldA 
WE 
WP 
WL 
so - 104 

- 0 2  m 

BICARBONATE HEAP LEACH OF URANIUM-CONTAMINATED SOILS - PERMANENT PAD LEACH 
EQUIVALENT TO 20.0 DTPH SOIL INPUT - CONVENTIONAL PAD LEACHING 

STREAM DESCRIPTION 
(BASED ON FLEXMET BALANCES) 

WED ON 2CHOUR DAY. 7 DAYWEEK)' 

SOIUSAND UNDER ACTIVE LEACH PAD A 
SOIUSAND UNDER ACTIVE LEACH PAD B 
SOIUSAND UNDER ACTIVE LEACH PAD C 
SOIUSAND RININQ, DRAlNlNQ a RECLAIM PAD D 
SOIUSAND BEINQ LOADED (EQUIVALENT) ON PAD E 
SCREEN U18 flURBlD WATER) TO CLARIFIER 
RETURN LlXIVlANT FROM RECOVERY 
RECYCLE LlXlVlANT TO WRUBBER AS WASH 
RECYCLE LlXlVlANT TO SOLUTION MAKEUP 
RECYCLE LIXIVIANT EVAPORATED IN POND 
FRESH LlXlVlANT TO HEAP (PAD C) 
EVAPORATION FROM 63A (PAD C) 
WEAK PREQNANT SOLUTION PRODUCED (PAD C) 
WEAK PREQNANT SOLUTION EVAPORATED IN WND 
WEAK PREQNANT SOLUTION AS LIMVIANT TO PAD B 
EVAPORATION FROM M A  (PAD B) 
INTERMEDIATE PREQNANT SOLUTION PRODUCED (PAD E) 
INT. PREQNANT SOLUTION EVAPORATED IN POND 
INT. PREQNANT SOLUTION AS LlXlVlANT TO PAD A 
EVAfWRATION FROM SSA (PAD A) 
FINAL PREQNANT SOLUTION PRODUCED (PAD A) 
FINAL PREQNANT SOLUTION EVAPORATED IN POND 
ANAL PREQNANT OLUTION A 8  FEED TO U RECOVERY 
FRESH WAtER RINSE, SOLUTION MAKEUP UOTAL) 

SOLIDS LIQUID SLURRY 
S.Q. S.Q. 8.Q. 

2.671 
2.67s 
2.678 
2.676 
2.676 
2.800 - - - - - - 
-. 
-. 
-. - - - 
-. - - - - - 

CARBON DIOXIDE (LKIUID EQUIVALENT) MAKEUP --. 1.Ooo 1.mj 62.4 0.00 
ED ON INITIAL MASS BALANCES FOR REVISION 2 FLOWSHEETS (1 1121184). 

1.01s 
1.018 
1.018 
1.011 
1.011 
1.018 
1.016 
1.011 
1.016 
1.011 
1.016 
1.01s 
1.018 
1.011 
1.016 
1.018 
1.01s 
1.016 

1.016 
1.011 
1.01s 
1.018 
1 .Ooo 

1.016 

1 .e84 
1 .e84 
1 .e64 
1 .e84 
1 .e84 
1.021 
1.016 
1.015 
1.011 
1.015 
1.011 
1.01s 
1.011 
1.011 
1.011 
1.018 
1.011 
1.016 
1.011 
1.01s 
1.01s 
1.016 
1.01s 
1.060 

86.781 
88.781 
85.781 
86.781 
81.781 

03.7 
(13.3 
w.3 
03.3 
w.3 
03.3 

1.3 
0 . 3  
w.3 
03.3 
w.3 
03.3 
63.3 
03.3 
03.3 
03.3 
63.3 
62.4 

w.3 

80.000 
8O.OOO 
80.000 
00.000 
80.000 

1 .00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 

SOLIDS LIQUID TOTAL 
(STPH) (STPH) (SfpH) 

23.8074 
23.8074 
23.8074 
23.8074 
29.8074 

0.0000 
0.0000 
0.0000 
0.0000 
O.ooo6 
0.6oOo 
0.0000 
0.0000 
0.0000 
O.oo00 
0.0000 
O.ooO0 
O.oo00 
O.oo00 
0.0000 
0.6000 
0.0000 
0.0000 

o.oin 

6.8618 29.7692 
6.8til8 20.7692 
6.9518 20.7692 
6.0618 29.7692 
6.9618 29.7692 
1.7423 1.7800 
6.8440 6.8440 
0,8843 0.8943 
4.7487 4.7497 
0.2376 0.2371 
6.3735 6.3736 
0.6374 0.6374 
4.8362 4.8302 
0.2087 0.2087 
6.5135 6.3735 
0.6374 0.6374 
4.8302 4.8302 
0.2087 0.2087 
s.3735 s.3735 
0.6374 0.6374 
4.8382 4.8302 
0.2087 0.2087 
4 . m s  4.607s 
1.4947 1.4947 

0.6000 0.0846 0.0846 

&PAD OPERATION ONE LOADINQ, ONE DRAlNlNQ AND UNLOADINQ, 3 UNDER ACTIVE COUNTERCURRENT LEACH. 
EACH PAD CONTAINS 3,300 DRY TONS SOIL, 672 DRY TONS SAND - 4,032 DRY TONS SOIUSAND BLEND 
THREE T-DAY CYCLES: ONE (rJ LEACHINO FRESH 801L WITH INTERMEDIATE PREQNANT SOLUTION, PRODUCINQ FINAL PREQNANT SOLUTION. 

SECOND (B) LEACHINQ PREVIOUS LEACH CYCLE SOIL WITH WEEK PREQ. PRODUCING INTERMEDIATE PREQ. 
THE UFT (C) LEACH CYCLE LEACHES SOIL FROM PRMOUS fwo CYCLES WITH FRESH LEACHATE (RECYCLE LIXIVIANT). 

EVAPORATfON RATES 10% OF ClRCULATlNQ SOLUTION APPLIED TO HEAPS, 6% CIRCULATION SOLUTION EACH POND. 
80LUtK)N APPLICAlK?N RATES 0.0026 Q M 2  (APPLIED TO HEAPS), ACTIVE LUCH AREA I 8,480 FWPAD. THEREFORE 21.16 QPM APPLIEDPAD. 

m - (YdWA) 

(26.70: 
(21.70 
(26.70 
(26.70: 
(26.70l 

6.80 
22.21 
3.112 

18.69 
0.99 

21.1s 
2.11 

19.03 
1 .oe 

21.16 
2.11 

10.03 
1 .oe 

21.1s 
2.11 

10.03 
1 .oe 

17.H 
6.97 
0.34 
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ISSUE 2 
bv. 0 
STREAM 
NUMBER 

1 SI 
1SI 
1M 
16t  
1 61 

I 
SI 
61 
6: 

621 
W91 
63f 
64: 
MI 
6441 
661 
Mf 
851 
MI 
6OE 
WP 
Wt 
w 

* 1w 
81 



SHEET 3 

- 
STREAM 
NUMBER 

80 
8 

60 
1 03 

41 
42 
44 
4s 
48 
47 
22 
23 
24 
25 
28 
27 
28 
32 
99 
50 
31 
53 
a4 
8s 

30 
00 
a7 
38 

104 
67 
00 

'NOTE: 

- 

- 

BICARBONATE HEAP LEACH OF URANIUM-CONTAMINATED SOILS - PERMANENT PAD LEACH 10- . tana 

20.0 DTPH SOIL INPUT (24 HOUR/DAY, 7 DAYSNK OPERATION), URANIUM REMOVAL  ISSUE^ 

STREAM DESCRIPTION 
(BASED ON FLMMET BALANCES) 

RETURN LlXlVlANT FROM RECOVERY 
SCREEN U18 WRBD WATER) TO CLARIFIER 
FINAL PREQNANT SOLUTION AS FEE0 TO U RECOVERY 
FRESH WATER FOR FLOC. DILUTION fWRBlD WATER) 
DRY FLOCCULANT ADDITION (2 LBWON SOLIDS) 
DILUTED FLOCCULANT (TURBID WATER) 
TURBID WATER CLARIFIER FEED (WITH FLOC) 
TURBID CLARIFIER DECANT TO RECYCLE 
TURBID CLARIFIER U/F TO FILTER PRESS 
FILTRATE FROM TURBID PRESS TO RECYCLE 
FILTER CAKE FROM TURBID PRESS TO DISPOSAL 
FEED TO SAND flLTERS(IX COLUMNS 
IXCOLUMN DISCHARQE 
STRIP SOLUTION TO IX COLUMNS 
PREQNANT STRIP SOLUTION FROM IX COLUMN8 
PREClPrrATlON CIRCUIT FEED (CONTINUOUs) 
HVDROQEN PEROXlOE FEED (SOW 80LN.) TO PPTN. 
NaOH FEED (SOW 8OLN.) TO PPTN. 
RECYCLE THICKENER UIF AS SEED IN PPTN. 
URANYL PEROXIDE SLURRV TO THICKENER (NET) 
THICKENER DECANT OIF TO PRECOAT FILTER 
THICKENER U/F SLURRY 
FILTER PRESS FEED 
FILTER PRESS FITRATE TO PRECOAT FILTER 
FILTER PRESS URANVL PEROXlbECAKE TO DISPOSAL 
NET FEED TO PRECOAT FILTER 
NET FEED TO RECVCLE MAKEUP 
BLEED REQENERATE TO AWWT 
SODIUM CHLORIDE TO STRIP SOLUTION MAKEUP 
HYDROCHLORIC ACID TO STRIP SOLUTION MAKEUP 
FRESH WATER IN STRIP MAKEUP 
LlXlVlANl' BLEED TO AWWT 
STRIP SOLUTION BLEED TO AWWT 

ASW ON INITIAL MA88 BALANCES FOR REVISION 2 FLOI 

SOLIDS LIQUID SLURRY BULK W.9b 
8.Q. S.Q. 8.Q. DENSITY SOLIDS 

- 
2.500 - - 
1 .e00 
1.800 
2.500 
2.500 
2.600 
2.500 
2.500 
I - 
- - - 
I 

7.000 
7.000 
7 . m  
7.600 
7.800 
7.000 
7.000 
7.800 
7 . m  
7.000 
2.200 
2.200 

2.500 

- 
- 

1.016 1.011 
1.01s 1.021 
1.015 1.011 
1.Ooo 1.000 
1.011 1.01s 
1.000 1.004 
1.Ooo l.m 
1.007 1.007 
1.007 1.323 
1.007 1.007 
1.007 1.007 
1.01s 1.016 
1.015 1.01s 
1.100 1.108 
1.100 1.108 
1.100 1.108 
1.107 1.197 
1.327 1.327 
1.106 1.031 
1.106 1.123 
1.100 1.100 
1.100 1.031 
1.1 00 1.031 
1.100 1.108 
1.100 3.080 
1.108 1,108 
1.100 1.108 
1.100 1.108 
1.100 2.900 
1.160 1,160 
1 . m  1.Ooo 
1.108 1.100 

03.3 
03.7 
63.3 
73.1 
w.3 
82.8 
82.7 
64.0 
82.1 
82.8 
62.8 
63.3 
63.3 
w.0 
0 .o 

w.0 
74.7 
82.8 

120.4 
70.0 
w.0 

120.4 
120.4 
68.0 

102.1 
w.0 
69.0 
69.0 
W.0 
71.7 
82.4 
69.0 

0.00 
1 .00 
0.00 
0.00 
0.00 
1 .00 
1 .00 

0.00 
40.00 
0.00 

60.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 
0.00 

60.00 
1.72 
0.00 

w.00 
80.00 
0.00 

76.00 
0.00 
0.00 
8.00 

100.00 
0.00 
0.00 
0.00 

0.0000 
0.0177 
0.0000 
0.0000 

0.000035 
0.000036 

0.0000 

O.oo00 

0.0000 
O.oo00 
0.0000 
0.0000 
0.0000 
0.0000 
0.0000 
0.01 10 
0.0238 
O.oo00 
0.0238 
0.0110 
8.0000 
0.0110 
O.oo00 
0.0000 
O.oo00 
0.0134 
O.oo00 
0.0000 
O.oo00 

o.oini4 

0.0177 

o . o i n  

6.6440 
1.7423 
4.s676 
0.00035 
0.0000 
0.0035 
1.7468 
1.7182 
0.0266 
0.01411 
0.01 18 
4.607s 
4.6076 
1 .SM2 
1 .m2 
1 .=2 
0.0029 
0.0180 
0.01 10 
1 .sss2 
1.3314 
0.0238 
0.0110 
0.0070 
0.0040 
1 .sa3 
1.2054 
0.133a 
O.oo00 
0.0134 
0.1071 
0.0576 

6.8440 22.21 
1.7600 8.80 
4.6675 17.98 
0.0035 0.0140 

0 . ~ 3 6  (0.6060411 
0.003M 0.0141 
1.763485 7.0027 

1.7182 6.8203 
0.0443 0.1337 
0.0148 0.018 
0.0% 0.1171 
4.6676 17.08 
4.6671 17.08 
1.3662 4 .8W 
1.3662 4.8060 
1.3552 4.8850 
0.0029 0 . m  
0.0160 0.0462 
0.0238 0.042 
1.3780 4.0076 
1.3314 4.8002 
0.047s 0.w3 
0.021 0.0402 
0.0019 0.0288 
0.0168 (0.00all 
1.3393 4.8378 
1.2054 4.3640 
0.13s 0.481 
0.0134 0.0243 
0.0134 0.0466 
0.1071 0.4280 
0.0576 2.37W 
0.120s I 0.- 0.0000 0.1206 -. ~ 

'AD BICARBONATE HEAP LEACH 

bv. 1 
STREAM 
NUMBER 

80 
8 

60 
103 

41 
42 
44 
41 
48 
47 
22 
23 
24 
25 
20 
27 
28 
32 
29 
so 
31 
33 
a4 
as 

38 
00 
a7 
38 

104 
67 
bo 

1 
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PROCESS DESCRIPTION 
HIGH-GRADIENT MAGNETIC SEPARATION 

INTRODUCTION: 

The process design approach taken for the HGMS uranium 
removal/concentration process continues to assume a relatively 
optimistic process performance as a basis for equipment selection 
and process design. In addition, the unit operations selected 
should be readily operable at the assumed operating conditions. If 
adequate performance for the selected process concepts and 
equipment selected are supported by laboratory tests, the capital 
and operating costs should be able to be directly compared to other 
ID technologies. 

The following presents a brief process description of the attached 
flowsheet and some key process assumptions used as the basis for 
initial material balances used for equipment sizing. 

COARSE SOIL SEPARATION: 

The coarse soil separation circuit for HGMS is similar to the 
coarse soil separation process used for the initial ID technologies 
flowsheets. 

The philosophy of the coarse soil separation circuit is to remove 
oversize (+2m) soil fractions low in uranium contamination and to 
produce two particle size fraction splits of feed slurry to the 
HGMS unit, Coarse soil not processed through the HGMS system is 
washed with recycle water to remove small adhered contaminated 
particles, and then dewatered, prior to return to the site. This 
separation equipment should be capable of this goal without the 
need for additional mechanical dewatering prior to HGMS processing, 
and also should minimize slurry pumping. Throughout the circuit, 
the use of recycle filtrate water is maximized to reduce fresh 
water consumption and minimize wastewater discharge to the AWWT 
facility. 

The initial separation of the coarse size fractions of the s o i l  (+2 
mm) is accomplished using equipment which minimizes the amount of 
fresh water added to the system. The slurry feed to HGMS has a 
density of approximately 10% percent solids and a -74 micron ( p )  
size consistent with the research-determined requirements for 
efficient HGMS unit operation is the goal of subsequent fine 
fraction preparation unit processes. 

The soil feed to the process is initiated by reclaim from a soil 
storage facility or by direct feed from the excavation operations. 
The Grizzly Feed Conveyor delivers the soil to a vibrating Wet 
Grizzly which scalps off oversize and trash materials (+4 in) in 

1 



the soil. Spray recycle filtrate water is used, as necessary, to 
control any dust emissions and to reduce clogging of the undersize 
chute to Rotary Drum Scrubber No. 2. 

The Wet Grizzly is elevated such that the oversize and undersize 
fractions flow by gravity to the Rotary Drum Scrubbers. 

The oversize (+4 in) material from the Grizzly reports to Rotary 
Drum Scrubber No. 1, in which it is slurried with system recycle 
water (filtrate) from the Recycle Water Tank to wash off any 
adhering fine soil particles. Rotary Drum Scrubber No. 1 is 
equipped with a solid drum section and dewatering drain for removal 
of slimes as well as a trommel screen extension where rinsing with 
fresh water removes most dissolved uranium. 

The oversize (+1/2 in) material from Rotary Drum Scrubber No. 1 
drops on the Coarse Soil Conveyor which transports it to a 
stockpile for return to the site. 

The undersize (-1/2 in) material from Rotary Drum Scrubber No. 1 
is combined with the undersize (-10 cm) material from the Grizzly 
and drops by gravity into Rotary D r u m  Scrubber No. 2, which is 
identical in operation to Rotary Drum Scrubber No. 1. The washing 
with recycle filtrate water and rinsing on the trommel screen is 
repeated. 

The oversize (+1/2 in) material from Rotary D r u m  Scrubber No. 2 
drops on the Coarse Soil Conveyor which transports it to a 
stockpile for return to the site. 

The undersize (-1/2 in) slurry from Rotary Drum Scrubber No. 2 
flows by gravity to one of two Live-Bottomed Sumps and Pumps from 
where it is pumped to the elevated Washing and Dewatering Screen by 
the live bottom sump slurry pump. The Washing and Dewatering 
Screen separates and washes with fresh water the remaining coarse 
(+2 mm) soil. 

The oversize (+2 mm) material from the Washing and Dewatering 
Screen discharges onto the Coarse Soil Conveyor which transports it 
to a washed coarse soil stockpile for return to the site. 

HGMS FINE SOIL SIZE FRACTION PREPARATION 

Since the HGMS system requires relatively fine solid particles to 
work effectively, multiple size fraction operations are performed 
on the soil slurry prior to introduction to the HGMS unit. 

The undersize (-2 mm) material from the Washing and Dewatering 
Screen flows by gravity to a 100-mesh (150 p )  vibrating Sizing 
Screen No. 1. The oversize (+150 p )  material from this screen is 
size-reduced to less than 150 microns by the Roll Crusher and then 
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re-combined with the screen's undersize (-150 p) material and 
discharged into the Agitated Holding Tank. 

In the Agitated Holding Tank, an hexametaphosphate surfactant ' 

solution is mixed with the soil slurry to promote metallic particle 
dispersion. The surfactant feed system consists of a Dry 
Surfactant Feeder/Hopper, a Surfactant Solution Holding Tank and 
Mixer, and two Surfactant Feed Pumps. For design purposes, 
surfactant solution is fed to the Agitated Holding Tank at the rate 
of 10 m l  per liter of soil slurry. The surfactant holding tank can 
store more than a 24 hour supply of solution while still allowing 
for increased dosage rates. 

The Agitated Holding Tank Mixer is of the low-intensity airfoil- 
type, with downward pumping impellers. This design keeps the 
slurry in suspension in an axial-flow pattern and minimizes 
agitator power requirements. This type of mixer also does not 
appreciably degrade soil particle size. 

From the Agitated Holding Tank, the soil slurry is pumped by the 
Sizing Screen No. 2 Feed Pumps to a 200-mesh (74 p) vibrating 
Sizing Screen No. 2. The oversize (+74 p )  material from this 
screen is discharged to the Attrition Scrubber while the undersize 
( - 7 4  p )  material flows by gravity to the Hydrosizer Feed Holding 
Tank. 

In the Attrition Scrubber, the oversize material from Sizing Screen 
No. 2 is vigorously mixed with high-velocity recycle water to 
break-up agglomerated soil particles and to scrub any adhered 
uranium staining from the coarser soil particle surfaces. Larger 
(-150 p to + 74 p )  particles may become size reduced, however the 
primary function of the Attrition Scrubber is to break up 
agglomerates of smaller particles. The attrition scrubber employs 
variable pitch, axial flow propellers to produce high shear flows 
and intense particle to particle interactions (or collisions) in 
high-percent solids slurries. Multiple compartments operate in 
parallel within one unit. 

The discharge from the Attrition Scrubber is then dropped by 
gravity on to a second 200-mesh (74 p )  vibrating Sizing Screen No. 
3 .  The oversize (+74 p )  material from this screen is discharged by 
gravity for processing in the HGMS tails processing system which is 
further described in a subsequent section. The undersize ( - 7 4  p )  
material from Sizing Screen No. 3 is discharged by gravity to the 
Hydrosizer Feed Holding Tank. 

In the Hydrosizer Feed Holding Tank, a solution of sodium 
dithionate (a chemical reducing agent) is metered into the soil 
slurry to chemically reduce the uranium valence (U+' to V4). The 
dithionate feed system consists of a Dry Dithionate Feeder/Hopper, 
a Dithionate Solution Holding Tank, and two Dithionate Feed Pumps. 

3 
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I 
The sodium dithionate solution is fed to the Hydrosizer Feed 
Holding Tank at an approximate rate of 0.2 pounds- per 100 pounds of 
soil. 

The Hydrosizer Feed Holding Tank Mixer is similar in design to the 
Agitated Holding Tank described above. 

Based upon prior characterization of the Fernald Site, soil 
particles larger than 74 p were found to not contain uranium 
contamination (particularly if surf ace staining is scrubbed off) 
and, although the HGMS unit can physically handle these particles, 
they will not be treated. No additional soil characterization was 
performed as part of this ID program study. 

LANL research has indicated that HGMS capture efficiency of the 
paramagnetic particles increases as the soil slurry particles are 
more homogeneous in size. Therefore, a cost-optimal approach of 
partitioning the -74 p slurry into two size fractions has been 
developed. Characterization of the Fernald Site has indicated that 
most of the uranium contamination is contained on soil particles 
about 20 p in size. Accordingly, size fractions of -74  p / + 2 0  p and 
-20  p were selected for treatment in the HGMS unit. Separation of 
these two size fractions is accomplished by the Hydrosizer. 

The Hydrosizer is a hydrocyclone, or hydraulic classifier. It is 
typically a static separator based on centrifugal separation in a 
fluid vortex generated within the cylindrical cone-bottom body. 
The feed flow is divided into a coarser underflow fraction and the 
finer overflow fraction. Particle separation is due to the vortex 
flow, with very little reliance on gravity. 

The - 7 4  p/+20 p fraction slurry stream is collected by gravity in 
an agitated Coarse Fraction Feed Tank and fed to the HGMS unit by 
the Coarse Fraction Feed Pump. The -20 p slurry stream fraction is 
collected by gravity in an agitated Fine Fraction Feed Tank and fed 
to the HGMS unit by the Fine Fraction Feed Pump. 

HIGH GRADIENT MAGNETIC SEPARATION: 

The HGMS unit basically consists of a porous magnetic matrix 
(stainless steel wool or other material) surrounded by a super- 
conducting electromagnetic coil capable of creating an intense 
(about 60 kilogauss) magnetic field and cooled by a cryogenic 
system. Under such an intense magnetic field, paramagnetic 
compounds of relatively moderate magnetic susceptibility, such as 
uranium and uranium oxides, can be successfully separated from 
contaminated soils. Due to its superconducting properties, the 
HGMS unit consumes virtually no power; nearly 0 KW at 900 Amps 
output. AC input is approximately 0 Amps at 480 Volts. The HGMS 
svstem as a whole consumes approximately 19 KW (26 hp), primarily 
to operate the helium cryogenics compressor. 
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As provided by Eriez Magnetics (Erie, PA), the HGMS system includes 
the superconducting magnetic coil, associated cryogenics 
(liquifier, compressor, piping) power supply, warm gas storage 
tank, and controls. The HGMS unit is as skid-mounted as is 
feasible for a 250  ton system. 

The HGMS slurry processing scheme consists of two passes through 
the magnetic matrix for each of the two size fractions, a backflush 
following the two passess for each size fraction, and an optional 
preliminary forward scalping pass and backflush for each size 
fraction for removal of materials with high magnetic 
susceptibility. For the optional pass, the electromagnetic coil is 
energized at low level, or deactivated. 

Assuming incorporation of the optional scalping pass, operation of 
a complete HGMS cycle proceeds as follows: 

1. 
2 .  
3 .  
4 .  
5 .  
6 .  
7 .  

a.  
9. 
10. 

Scalping pass for the coarse ( - 7 4  p / +  20 p )  fraction 
HGMS unit backflush to tails processing 
Scalping pass for the fine ( - 2 0  p )  fraction 
HGMS unit backflush to tails processing 
First pass for coarse fraction 
Second pass for coarse fraction 
HGMS unit backflush to concentrated contaminant 
processing 
First pass for fine fraction 
Second pass for fine fraction 
HGMS unit backflush to concentrated contaminant 
processing 

The scalping pass, for either the coarse or fine fractions, 
consists of pumping the slurry from the appropriate feed tank 
through the HGMS system magnetic matrix at a velocity of 
approximately 1 cm/sec with the surrounding magnetic coil at no- 
power or reduced power. Optimally, the electromagnetic coil power 
level is set such that all materials with greater magnetic 
susceptibility than uranium would be removed or scalped from the 
slurry (magnetic susceptibilities for many materials are readily 
available). The HGMS system's effluent is then collected in the 
HGMS Reycle Feed Tank. Processing continues until low level is 
reached in the Coarse Fraction Feed Tank or Fine Fraction Feed 
Tank. Once the scalping pass is complete, the contents of the HGMS 
Reycle Feed Tank are returned from the HGMS Recycle Feed Tank to 
either the Coarse Fraction Feed Tank or the Fine Fraction Feed Tank 
by the HGMS Recycle Feed Pump. 

The HGMS unit backflush consists of pumping recycle water from the 
Decant Water Storage Tank counter-current through the magnetic 
matrix with the Backflush Pump to dislodge the soil particles 
magnetically separated by that matrix and convey them to the HGMS 
Tails Thickener. Backflush water is constantly recycled to the 
Decant Water Storage Tank. Apinch valve restricts recycle flow as 
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I 
necessary to divert water from the decant tank to meet HGMS 
backflush demand. 

Note, that to avoid fouling of the magnetic matrix by magnetic 
materials, the scalping pass for either the coarse or fine fraction 
could alternatively be processed through a separate media-filled 
canister which would be placed in the super-conducting 
electromagnetic coil. Removable canisters are easily interchanged 
into the permanently mounted coil. Following the scalping pass, 
the scalping canister would be removed from the magnet, to be 
replaced with the primary magnetic matrix. The magnetic field can 
be ramped from full power to no power, or no power to full power, 
within one minute to facilitate canister exchange. 

. 

Following the scalping passes, reprocessing of both the coarse and 
fine fractions with two passes through the HGMS system is 
considered necessary to concentrate uranium contamination. 

The first pass, for either the coarse or fine fractions, is 
performed in the very same manner as the scalping pass, except with 
the electromagnetic coil surrounding the magnetic matrix at full 
power - 20,000 Gauss or 2 Tesla. 
The second pass, for either the coarse.or fine fractions, consists 
of adjusting the circuit valves so that the feed of the HGMS system 
jrS now provided from the slurry accumulated in Cycle Feed Tank 
during the first pass. Following the second pass, the repositioned 
circuit valves prevent the slurry from returning to the HGMS Reycle 
Feed Tank, and instead direct it to the HGMS Tails Thickener. 

Following the first and second pass for either the coarse or fine 
fractions, the HGMS system is backflushed in the same manner as 
after each of the scalping passes, except that the soil particles 
dislodged from the HGMS system magnetic matrix are conveyed to the 
HGMS Concentrate Thickener. Forward processing time may be up to 
an hour without requiring backflush. Backflush is a computer 
controlled function consisting of higher velocity alternating 
forward and countercurrent scouring, via computer controlled 
actuated valves, culminating in a countercurrent discharge of 
concentrate materials to the HGMS Concentrate Thickener. The 
backflush cycle can be completed in approximately five minutes. 

For this study, the capacity of the Coarse Fraction Feed Tank, Fine 
Fraction Feed Tank, and HGMS Reycle Feed Tank has been designed to 
provide a minimum of 30 minutes residence time. In actuality, tank 
sizing should be determined by factoring in the HGMS system's 
magnetic capture capacity and adding appropriate safety factors 
based on the volume of slurry and concentration of uranium in the 
slurry. 

HGMS CONCENTRATE PROCESSING: 
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The primary purpose of HGMS concentrate process-ing is to dewater 
this concentrate to minimize its volume to facilitate handling and 
disposal. The secondary purpose of HGMS concentrate processing is 
to provide a ready source of recycle water for the backflush of the 
HGMS system, thus minimizing the use of fresh water and the need to 
discharge contaminated wastewater to the AWWT. The HGMS 
concentrate processing system consists of the HGMS Concentrate 
Thickener, the HGMS Concentrate Thickener Underflow Filter Feed 
Pump, the Filter Press, a filter cake hopper with screw type 
discharge auger, and the agitated Decant Water Storage Tank. 

The backflush of the HGMS system following the first and second 
passes for both the coarse and fine fractions is discharged under 
residual nressure into the HGMS Concentrate Thickener. Note that 
the scalping pass concentrate is discharged to the HGMS Tails 
Thickener, since it is not anticipated to contain a substantial 
uranium concentration. 

In the HGMS Concentrate Thickener, solid particles settle by 
gravity to the bottom and supernatant water is discharged by 
gravity to the Decant Water Storage Tank to be used for future HGMS 
unit backflush cycles. The solids accumulated at the bottom of the 
HGMS Concentrate Thickener are collected by a mechanical rotating 
bottom rake and pumped to the Filter Press for further dewatering. 
Thickener underflow is pumped by the HGMS Concentrate Thickener 
Underflow Filter Feed Pump. 

The Filter Press is of the recessed plate and frame type (Durco or 
equivalent) which removes water fromthe HGMS Concentrate Thickener 
underflow by pressure feeding it into sandwiches of fine-weave 
polypropylene mesh plates which retain solids but allow filtrate 
water to escape. The dewatered HGMS concentrate filter cake drops 
by gravity into a hopper and is discharged by a screw auger into a 
dumpster type container which is used to transport it to disposal. 
Filter press filtrate water is discharged under residual pressure 
into the Decant Water Storage Tank and recycled by the Backflush 
Pump for backflushing of the HGMS system as previously described, 
and f o r  other uses as depicted. 

As required, fresh water make-up is introduced in the Decant Water 
Storage Tank. This is the sole location of fresh water make-up in 
the system. 

Also, as required, excess decant/filtrate water is blown-down by 
discharging to the AWWT. 

HGMS TAILS PROCESSING: 

The primary and secondary purposes of HGMS tails processing are 
very similar to those of HGMS concentrate processing, except that 
the dewatered soils tails have most of the uranium concentration 
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(to e50 ppm) removed and are returned to the site. Also,  
decant/filtrate water is recycled as flush o r  dilution water 
throughout the coarse solids separation operations. The HGMS tails 
processing system consists of the Flocculant Feed System, Static 
Mixer No. 1, the HGMS Fines Thickener, the Thickener Underflow 
Filter Feed Pump, the Pressure Filter, a filter cake hopper with 
screw type discharge auger, and the agitated Recycle Water Tank. 

A flocculant is fed to the HGMS tails and mixed in line by Static 
Mixer No. 1 ahead of the HGMS Tails Thickener. The purpose of this 
flocculant is to agglomerate fine suspended solids particle to 
improve settleability and filterability of these solids. The 
Flocculant Feed System consists of a dry reagent hopper/feeder, an 
agitated solution holding tank, and two solution feed pumps. The 
flocculant is mixed and fed initially as a 0.1 percent (by weight) 
solution. 

In the HGMS Tails Thickener, flocculated solid particles settle by 
gravity to the bottom and supernatant water is discharged by 
gravity to the Recycle Water Tank to be used as flush or dilution 
water throughout the coarse solids separation operations. The 
solids accumulated at the bottom of the HGMS Tails Thickener are 
collected by a mechanical rotating bottom rake and recycled to the 
thickener feed well by the HGMS Tails Thickener Underflow Filter 
Feed Pump. A side-stream from that thickened HGMS tails recycle is 
periodically sent by the same pump to the Pressure Filter for 
further dewatering. 

Filter Press No. 2 is of the high-pressure belt type (Larox or 
equivalent) and mechanically removes water out of the HGMS Tails 
Thickener underflow by squeezing it between an air expanded bladder 
and a moving belt filter cloth. The filter operates in a semi- 
continuous mode with a bleed froma circulating thickener underflow 
stream being intermittently fed to the pressure belt filter, as 
needed. The dewatered HGMS tails filter cake drops by gravity into 
a hopper and is discharged by a screw auger into a dumpster type 
container which is used to transport it to disposal. Filtrate 
water is discharged under residual pressure into the Recycle Water 
Tank and pumped from there by the Recycle Water Pump to the various 
coarse solids separation usage points as described earlier. 

Flocculant dilution 2 is formed by the addition of recycle water to 
flocculant stored in the Flocculant Holding Tank followed by mixing 
through Static Mixer No.2. This dilution is in turn injected in- 
line with the HGMS Tails Thickener underflow as it is pumped to the 
Pressure Filter. Flocculant dilution 2 is mixed with the underflow 
by Static Mixer No. 3 immediately prior to discharge to the 
Pressure Filter. Flocculant additioin will enhance the Pressure 
Filter performance. 

Excess decant/filtrate water is disposed of by discharging it to 
the AWWT, as required. 
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PROCESS DESIGN ASSUMPTIONS 
EIGH-GRADIENT MAGNETIC SEPAILATION 

The following preliminary process design assumptions were used in 
flowsheet development, mass balance derivation, equipment selection 
and preliminary sizing: 

COARSE SOIL SEPARATION: 

Nominal throughput rate 20.0 tons of soil/hour. 

Soil moisture content average of 12.0 wt,%. 

Soil particles larger than 74 p are separated out prior to 
HGMS treatment. 

HGMS unit feed is split into two fractions: a coarse fraction 
( -74  p / + 2 0  p )  and a fine fraction ( - 2 0  p ) .  Prior soils 
characterization by others has indicated 20 p is the mean 
contaminated soils dimension. 

Coarse oversize soil ( + l o 0  mm rocks, roots, etc. 1 is assumed 
to be about 1.0 wt.% soil. 

Medium size soil (-100 mm +13 m) is assumed to be 1.5 wt % 
soil. 

Intermediate oversize soil (-13 mm +2 mm) is assumed to be 
about 7.5 wt. % of the feed soil. 

Coarse ( - 7 4  p / + 2 0  p )  and fine ( - 2 0  p )  HGMS feed fractions are 
each assumed to be about 41.0 wt. % of the feed soil. Each 
HGMS feed fraction is assumed to be 8 . 2  d r y  tph. 

Each HGMS feed fraction is assumed to be 10% by weight solids 
slurry for optimal HGMS unit performance. 

Total available flow of recycle water used for coarse, medium 
and intermediate oversize soil separation, including soil 
washing, slurry elutriation and dilution, and chemical reagent 
solution preparation, is assumed to be about 600 g p m .  

Hexametaphosphate surfactant use is assumed to be 68 pounds of 
dry product per hour. The surfactant is assumed to be fed to 
the Agitated Holding Tank as a 20.0 percent by weight 
solution. 7 

Sodium dithionate reducing agent used is assumed to be 66 
pounds of dry product per hour. The sodium dithionate is 
assumed to be fed to the Hydrosizer Feed Holding Tank as a 
10.0 percent by weight solution. (Reducing agent is necessary 
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to convert U+6 to the U+4 form with increased magnetic 
susceptibility) . 
Residence time (minimum working volume) of 30 minutes in 
process tanks. 

HIGH GRADIENT MAGNETIC SEPARATION: 

The HGMS sequence of operations, for either the coarse or fine 
feed fractions, includes a scalping pass under reduced 
magnetic field for removal of the magnetic and highly 
paramagnetic compounds followed by two treatment passes under 
full magnetic field for the removal of uranium. The 
anticipated duration of either the scalping pass or each of 
the treatment passes is 30 minutes. 

The design maximum magnetic field of the HGMS unit is about 
20,000 Gauss or 2 Tesla. 

The HGMS can ramp from full power to no field within one 
minute. 

An HGMS unit backflush is performed after the scalping pass 
and after the two treatment passes for each of the two size 
fractions. The anticipated duration of each HGMS unit 
backflush is four minutes. 

The HGMS unit scalping pass backflush is discharged to the 
HGMS tails processing system. 

The HGMS unit uranium removal backflush is discharged to the 
HGMS concentrate processing system. 

Scalping backflush plus tails is assumed to be 14.6 tph 
slurried in 476 gpm. 

Uranium removal backflush (concentrate) is assumed to be 1.8 
tph slurried in 109 gpm. 

Residence time (minim working volume) of 30 minutes in 
process tanks. 

HGMS CONCENTRATE PROCESSING: 

Thickener unit area: based on 1.0 m/hr fall velocity and 
maximum 110 gpm feed (0.50 gpm/ft2 specific flow rate). 

Thickener U/F density: nominal 4 0  wt.% solids, (range: 25- 
50%). 

10 



HGMS 

The average flow of decant water from the HGMS Concentrate 
Thickener is assumed to be 94 gpm. 

Recessed plate and frame Filter Press No. 1 based on 260 ft3 
net cake capacity, one filtration cycle/day. 

The average blow-down rate from the HGMS concentrate 
processing system to the AWWT is assumed to be 0 gpm. 

TAILS PROCESSING: 

Thickener unit area: based on 1.0 m/hr fall velocity and 
maximum 110 gpm feed (0.40 gpm/ft2 specific flow rate). 

Thickener U/F density: nominal 40 wt.% solids, (range: 2 5 -  
50%). 

The average flow of decant water from the HGMS Tails Thickener 
is assumed to be 440 gpm. 

Horizontal pressure filter belt filter cake moisture of 80.0 
wt.%. 

Horizontal pressure belt filter design unit area of 5 0  
lbs/hr/ft2 for dewatering. 

Belt filter cake solution acceptance rate is 0.170 gpm/ft2. 

The average flow of decant water from the HGMS Tails Thickener 
is assumed to be 438 gpm 

The average blow-down rate from the HGMS tails processing 
system to the AWWT is assumed to be 30 gpm. 
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SHEET VI HIGH-GRADIENT MAGNETIC SEPARATION OF URANIUM-CONTAMINATED SOIL 
20.0 DTPH SOIL INPUT, COARSE SEPARATION AND PREPARATION FOR HGMS 

(R4SED ON FLEXMET BALANCES) I S.G. S.G. S.G. 
1 SOIL FEED TO GRZZLY ' 2.500 1.000 2.119 

101 WATER SPRAY TO G R A Y  
GR22LY WERSEE (t43 TO SCRUBBER 1 
G R Z Y  UNDERSQE (-4.) TO SCRJBBER 2 
SCRUBBER 1 WASH WATER 
TROWEL OMRSQE (+?E3 FROM SCRUBBER 1 
SCRUBBER 2 WASH WATER 
TROMEL OVERSRE (+le') FROM SCRUBBER2 
WASHING'DEWATERING SCREN FECYCE WATER 
WASH SCREN OE (+2mm) TO STOCKPLE 
WASH SCFEEN WS (-2mm) TO SIZING SCEEN NO. I 
COMBINED (+2mm) OIS TO DISPOSAL STOWILE 
SURFACTANT (DRY POWDEA) TO DLUTION/MIXTANK 
DILUTION WATER FOR SURFACTANT 
NET SUFF ACTANT FEED TO HCU)ING TANK 
OVERSEE FROM SCEEN I TO Rou. CRUSHER (+150 MICRON) 

NET FEED TO HOLDING TANK& H W S  SYSTEM (-150 MICRON) 
270 MESH SCREEN OIS 1+74 MICRON) TO ATTR SCRUB. 

SCREEN 1 UIS (-2mm) TO HUDING TANK 

2 
5 

102 
4 

103 
6 

104 
8 

10 
9 

60 
105 
13 
11 
12 
14 
15 
16 

17 DISCHAROE FROM ATTRITION SCRUEeER 
18 
19 
61 

20 
21 

108 
23 
22 
24 

109 
62 DRY FLOCCUANT TO DILUTION 

112 DILUTION WATER FOR FLOCCUANT 
27 
28 
29 
30 
26 
31 
32 
33 
34 

114 
110 

270 MESH SCREEN US i-74 MlCRONi TO HGMS FEED 
107 ATTRITION SCRUBBER DILUTION WATER 

270 MESH SCREEN 2 OB (+74 MICRON) TO TAILS THICKENER 
270 MESH SCREEN 2 WS (-74 MICRON) TO HGMS FEED 
SODIUM DITHIONATE CONDITIONER (DRY POWDER) 

NET DilHlONATE FEED TO HOLDINGTAM 
FEED TO WDROSIZER (-74 MICRON) 
DILUTION (ELUTRIATION) WATER FOR HYOROSIZER 
FINE FRACTION (-20 MICRON) FROM HYDROSPER 
COARSE FRACTION (+a MCRON) FROMHYDAOSIZER 
HGMS TAILS FLUS SCALPING CONCENTRATE 
EACXFLUSH WATER FOR HGMS CONCENTRATE 

106 DILUTION WATER FOR DITHIONATE 

TAILS THICKENER DECANT * 

TAILS THIQ(ENERUiF fEED TO FILTER) 
TAILS FILTER FILTRATE 
DEWATERED SOILTALS (U-DEPLETED) TO DISPOSAL 
FEED TO CONCENTRATE THICKENER (WITH BACKRUSH) 
CONCENTRATE THICKENER DECANT 
CONC. THlCKENERU/F fEED TO CONC. FlLTEg 
CONC. FILTER FILTRATE 
HGMS CONCENTRATE TO DISPOSAL 
GAOSS AECKZE WATER FROM CONC. AVAILARE 
FRESH MAKEUP WATER [TAILS CIRCUIT)** 

115 NET W A T E R a E E D T O A W  (TAILSCIACUT)** 
113 MAKEW WATER (CONCENTRATE CIACUIT)** 

7 Z T E m  

--- 
2.500 
2 . m  

2.500 

2.500 

2.500 
2.500 
2.500 
2.500 

2.500 
2.500 
2.500 
2.500 
2.500 
2.500 

2.500 
2.500 
2.500 
2.500 

2.500 
2.500 

2.500 
2.500 
2.450 

1.800 

2.500 
2.500 
2.500 
2.500 
3.200 
3.200 
3.200 
3.200 
3.200 
3.200 

-c 

--- 
--- 

--- 

--- 

--- 

--- 

--- 
--- 

--- --- --- 

1.00 1.00 
1.00 
1 .000 
1.000 
1 .000 
1.000 
1.000 
1.000 
1.000 
1.015 

1.150 
1.000 
0.800 
1.027 
1.027 
1.027 
1.027 
1.027 
1 .om 
1 -027 
1.000 
1.000 
1.000 
1 .om 
1.015 
1.212 
1 ,000 
1.015 
1.015 
1.015 
1.000 
1.000 
I .000 
1.000 
1.000 
1 .OM) 
1 .om 
1 .om 
1 .000 
1.000 
1.000 
1.000 
1.000 
1 .Ooo 
1 .OOo 
1.00 

1.000 

1.7a 
1.763 
1.00 
1.923 
1.00 
1.923 
1.00 
1.9P 
1.273 
1.923 
1.150 
1.00 
0.600 
1.300 
1.282 
1.284 
1.411 
1.274 
1 .000 
1.101 
1.326 
1.016 
1.358 
1 .om 
1.015 
1.391 
1.Ooo 
1.079 
1 .om 
1.079 
I .Ooo 
1.800 

1.00 
1.220 
1.00 
1.923 
1.046 
1.00 
1.379 
1.00 
2 . m  
1 .00 
1 .00 
1.ooO 
1.ooO 

1 . o ~  

1.00 1.OOo 
1996) 

BULK W.% 
DENSITY SOLIDS 

90.0 88.00 
62.4 0.00 

109.9 72.11 
109.9 
62.4 
84.0 
62.4 
84.0 
62.4 
84.0 
79.4 

119.9 
71.7 
62.4 
49.9 

60.0 
80.1 
88.0 
79.5 
62.4 
68.7 
62.7 
63.5 
84.7 
62.4 
79.5 
86.8 
62.4 
67.3 
67.3 
67.3 
62.4 

112.3 
62.4 
62.4 
76.1 
62.4 

119.9 
67.0 
62.4 
86.0 
62.4 

138.6 
62.4 
62.4 
62.4 
62.4 

81.1 

72.11 
0.00 

80.00 
0.00 

0.00 

34.17 
80.00 

100.00 
0.00 
0.00 

35.74 
33.85 
34.05 
46.25 
32.96 
0.00 

11.52 
40.97 
2.91 

100.00 
0.00 
0.00 

25.00 
0.00 

10.00 
10.00 
0.w 
0.00 

100.00 
0.00 
0.00 

30.00 
0.00 

80.00 
6.37 
0.00 

40.00 
0.00 

80.00 
0.00 
0.00 
0.00 

80.00 

80.00 

0.00 
0.00 62.4 

SOLIDS LIQUID TOTAL 
(STPH) (STPH) (STPn) 

20.000 2.727 22.521 
0.00 
0.500 

19.500 
0.000 
0.200 
0.000 
0.300 
0.000 
1.500 

18.000 
2.000 
0.034 
0.000 
0.000 
2.000 

16.000 
I8.(xxI 
2.000 

16.000 
0.000 
2.000 
1.600 
0.400 
0.033 
0.000 
0.000 

16.400 
0.000 
6.200 
8.200 

14.616 
0.000 
0.017 
0.000 
O.Oo0 

16.233 
0.000 

18.233 
1.784 
0.000 
1.784 
0,000 
1.784 
0.000 
0.000 
O.Oo0 
0.OW 

5.000 
0.193 
7.541 
9.922 
0.050 

10.015 
0.075 
7.510 
0.375 

34.683 
0.500 
0.000 
0.144 
0.180 
3.598 

31.267 
34.863 
2.324 

32.539 
13.040 
15.364 
2.305 

13.059 
O.Oo0 
0.288 
0.38) 

49.202 
98.405 
73.803 
73.803 

143.444 
22.050 
0.000 
1.693 

109.564 
37.078 
33.819 
4.059 

26.213 
23.537 
2.676 
2.230 
0.446 

0.000 
0.m 
0.00 

25.787 

5.008 
0.6sJ 

27.041 
9.922 
0.250 

10.015 
0.375 
7.510 
1.875 

52.683 
2.500 
0.034 
0.144 
0.180 
5.596 

47.267 
52.lE3 
4.324 

48.539 
13.040 
17.364 
3.905 

13.459 
0.033 
0.288 

65.602 
98.405 
82.003 
82.003 

156.060 
22.050 
0.017 
1.693 

109.564 
54.111 
33.819 
20.292 
27.997 
23.537 

4.48) 
2.230 
2.230 

25.767 
7.511 

152.1 38 
7.511 

0.360 

0.m 0 .00  0.000 

02-Aug-95 

ISSUE 1 

NUMBER 
(1870) 
20.00 
(0.47) 

(022) 

61.29 
39.64 

40.01 
(0.33) 
30.00 
3.90 

16529 
(1.54) 

0.58 
0.90 

17.19 
14725 
164.44 
12.24 

15220 
52.09 
62.99 
11.77 
52.81 

(0.016) 
1.15 
1.42 

188.35 
393.13 
290.33 
290.33 
476.08 
88.09 

(0.011) ' 
6.76 

437.11 
177.19 
135.11 

(12532) 
106.95 
94.a 
12.92 

(1.192) 
102.94 
30.00 

607.64 
30.00 

(0.w 

8.91 

101 
2 
5 

102 
4 

103 
6 

104 
8 

10 
9 

60 
105 
13 
11 
12 
14 
15 
16 

107 
17 
18 
19 
61 

106 
20 
21 

108 
23 
22 
24 

109 
62 

112 
27 
28 
29 
30 
26 
31 
32 
33 
34 

114 
1 I O  
111 
115 

0.00 I 113 

**NOTE: BASED ON OVEAALL WATER BPLANCE FOR HGMS FLOWSHEET (JUY im) 



THIS PAGE INTENTIONALLY LEFT BLANK 



FERN- ID TECHNOLOGIES 

"IRON SOIL WASHING 



THIS PAGE INTENTIONALLY LEFT BLANK 



PROCESS D g 8 C B I P T I O ~  
REVISED TIROH SOIL UABHIHG 

IXTRODUCTIOX: 

In order to provide a basis for the FY 95 ID Program for removal of 
uranium contamination from soils, revised process flowsheets have 
been developed which reflect experience in primary uranium ore 
processing as well as recent laboratory results on the contaminated 
soils. The approach taken has been to assume a relatively 
optimistic process performance as a basis for equipment selection 
and process design. In addition, the unit operations selected 
should be readily operable at the assumed operating conditions. If 
adequate performance for the selected process concepts and 
equipment selected are supported by laboratory tests, the capital 
and operating cost benefits over previous process flowsheets should 
be substantial. 

The following presents a brief process description of the revised 
Tiron Soil Washing flowsheets (Revision 2, 11/21/94) and some key 
process assumptions used as the basis for initial material balances 
used for equipment sizing. 

COARSE 80It BEPARATIOH: 

The initial separation of the coarse size fractions of the soil (+2 
mm) is accomplished using equipment which minimizes the amount of 
liquid (lixivfant and fresh water) added to the system. A:slurry 
density (percent solids) consistent with the requirements for 
efficient leaching without dewatering is the goal. 

The soil feed to the process is initiated by reclaim from a soil 
storage facility or by direct feed from the excavation operations. 
A feed conveyor delivers the soil to a wet, vibrating Grizzly which 
scalps off oversize and trash materials (+lo cm) in the soil. 
Spray water (recycle filtrate) is used, as necessary, to control 
any dust emissions and to reduce clogging of the undersize chute to 
the Rotary Drum Scrubber 2. The grizzly is elevated such that the 
oversize and undersize fractions flow by gravity to the drum 
scrubbers . 
The oversize material froa the grizzly reports to the Rotary Drum 
Scrubber 1 in which the oversize soil is mixed with recycle 
lixiviant as a slurry to wash off any adhered, small-size soil and 
to solubilize uranium staining the surface of the coarse particles 
using the leaching action. The drum scrubber is equipped with a 
solid drum section and dewatering drain for slimes removal as well 
as a trommel screen extension where rinsing with fresh water 
removes most of any dissolved uranium. The trommel oversize (+13 
mm) is conveyed to a stockpile for disposal. 
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The undersize soil slurry (-13 mm) from the Drum Scrubber 1 is 
combined with the -10 cm Grizzly undersize as and-flows by gravity 
as feed to the Rotary Drum Scrubber 2. The washing with recycle 
lixiviant and rinsing on the trommel screen is repeated. 

The trommel oversize (+13 mm) is discharged to the oversize 
conveyor which transports the washed soil to a stockpile for 
disposal. The undersize slurry (-13 mm) flows by gravity to a 
live-bottomed sump and pump which delivers it as feed to an 
elevated washing and dewatering screen. The dewatering screen 
separates and washes with fresh water the remaining coarse soil 
fractions (+2 mu). The screen oversize soil also is conveyed to 
the washed coarse soil stockpile for return to the site. The -2 mm 
fraction slurry, along with the lixiviant and the balance of the 
wash water, flows by gravity to an agitated holding tank to serve 
as feed to the leaching circuit. 

The philosophy of the above coarse ore separation circuit is to 
produce a feed slurry to the carbonate leaching reactors of about 
25 to 35% solids, leach any surface uranium contamination from the 
coarse soil fraction and wash the coarse soil with fresh water 
prior to return to the site. The above equipment should be capable 
of this goal without the need for-- mechanical dewatering prior to 
leaching and also should minimize slurry pumping. Use of the 
recycle lixiviant as the leaching solution as the primary rinsing 
and motive liquid for the soil slurry achieves a partial counter- 
current leaching system and nhimizes fresh water makeup. 

TIRON LEACEIrSG CIRCUIT: 

The initial leach train consists of three agitated leaching 
reactors in series as a gravity-flow cascade system. Slurry flow 
between reactors is achieved by overflow of the slurry from a 
downcomer/weir in the elevated preceding upstream reactor and flow 
by gravity to the subsequent downstream reactor. Slurry advance is 
governed by the pumped feed rate to the first leaching stage. 

The agitators used are low-intensity airf oil-type, downward pumping 
impellers (e.g. Lighnin A-310 or equivalent) which keeps the slurry 
in suspension in an axial-f low pattern and which minimizes agitator 
power requirements. This type of mixers also do not appreciably 
decrepitate or degrade the so i l  particle size. It is assumed that 
further size reduction is not necessary to maximize the uranium 
extraction. 

Additional recvcle lixiviant is added to the holdinu tank to dilute 
the slurry for' leaching to 20.0 w t .  0 solids. Makeip Tfron reagent 
is added to the holding tank to the strength projected for leaching 
(=0.20 molar or 62 gpl) . 
of 30 minutes residence time. 

The holding tank is sized for a m h h u m  
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The feed soil slurry is pumped from the holding tank to the first 
reactor vessel in the Leach Train 1. Slurry advances to the other 
reactors through the recirculation pumping system described above. 
AXI average residence t h e  per leach reactor of a minimum of 60 
minutes/stage is assumed as a basis for design (3 hours 
total/train) . 
oxygen gas under slight pressure (s50 psig) is introduced into each 
reactor vessel through a bottom sparger manifold to provide and 
maintain oxidizing potential to facilitate uranium leaching. The 
addition of an oxidant (air, oxygen or oxygen-enriched air) is 
deemed essential to insure maximum efficiency of uranium leaching. 
The vessels are covered, but are vented to maintain atmospheric 
pressure with a high oxygen partial pressure (pOpO.8 atm.) at the 
slurry surface. 

The slurry from the third stage of the initial reactor train 
overflows by gravity to the feed tank for the first horizontal 
pressure filter (Horizontal Pressure Filter 1) . In this initial 
filtration, only dewatering of the soil solids is done; there is no 
need for washing or rinsing. 

A flocculant (or coagulating agent) mixing, dilution and addition 
system is provided to assist and aid in the filtration. The bulk 
dry flocculant is mixed initially to about 1.0% strength using 
recycle lixiviant as the diluent. It is metered (as 1-03 strength) 
to mix with the feed slurry to the filter. Before mixing with the 
slurry, however, it is diluted with additional recycle lixiviant to 
about 0.10 w t . %  strength. A static, in-line mixer is used to 
insure adequate mixing without shearing the flocculant polymer. 
The diluted floc solution is then mixed with the feed slurry to the 
filter also using a static mixer to insure low-shear mixing. 

The filter cake (at approximately 60-70 w t . %  solids) is discharged 
into a repulping tank where it is mixed with a mixture of Filtrates 
2 and 3 (and intermittently with sand filter backwash) and 
additional Tiron reagent makeup to approximately 20 w t . %  slurry. 
The dewatering filtrate (Filtrate 1) from the horizontal belt 
filter flows to the Filtrate 1 Storage Tank and is a part of the 
subsequent feed to the uranium recovery circuit. This also 
provides quasi-counter-current leachingwhichminhizes fresh water 
makeup, bleed requirements, reagent makeup and increases the 
solution uranium tenor being fed to the IX system. 

The repulped slurry is pumped to a second reactor train for 
additional leaching. This train also consists of three stages of 
reactors using pumping-type agitators and pumped slurry circulation 
and advancement. Oxygen gas sparging is also used to maximize 
uranium leaching efficiency. The slurry exiting the last reactor 
stage overflows by gravity to the Horizontal Pressure Filter 2 feed 
tank. 
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The horizontal pressure filter operates in a semi-continuous mode, 
~n initial slurry charge from the circulating pump system on the 
feed tank is delivered to the multi-layer horizontal belt filter, 
By combination of pump pressure and subsequent pressure exerted by 
a pressurized rubber bladder (high pressure water) above the belt, 
the water is squeezed out of the soil slurry producing Filtrate 2 
which reports to the Filtrate 2/3 Storage Tank, 

In addition to this initial pressure dewatering cycle, the 
horizontal belt pressure filter system for the slurry is operated 
with an additional washing cycle and an additional rinsing cycle. 
In the washing cycle the filter chamber above the cake is filled 
with recycle lixiviant, The bladder is expanded using hydraulic 
pressure and squeezes the initial wash solution out of the cake 
producing Filtrate 3 which also joins Filtrate 2 in the Storage 
Tank . 
In the subsequent rinsing step, the above is repeated using fresh 
water to wash out any residual, solubilized uranium and Tiron 
lixiviant. This rinse filtrate (Filtrate 4) reports to the Recycle 
Lixiviant Storage Tank or to the Sand Filter Backwash Tank as 
needed. The relatively high percentage solids in the pressure 
filter cake allows relatively low volumes of washing and rinsing 
liquids to be used while maintaining high rinse efficiencies 
(98%+) . Flocculant (or coagulating agent) is also used, as 
appropriate, to facilitate the filtering and washing process. The 
total cycle t h e  for the pressure filter (fill, dewater, wash, 
rinse, cake discharge) typically takes from 10 to 15 minutes. 

The second filter dewatering filtrate and lixiviant wash (Filtrate 
2/3) mixture is recycled to the Repulp Tank 1 where it is mixed 
with the first pressure filter cake to create the slurry feed to 
the second reactor train. Any excess is added to the Filtrate 1 as 
feed solution to the IX columns, 

This routing of the filtrate and recycle lixiviant streams allows 
control of any fresh water makeup and minimizes the lixiviant bleed 
requirements from the system. It also achieves a partial counter- 
current leaching system which minimizes internal process system 
flow rates and results in a higher uranium concentration in the 
liquid feed to the uranium recovery and removal systems. The 
washed and rinsed f h e  soil (-2 mm) filter cake discharges from the 
second belt filter and is conveyed to a stockpile for return to the 
site for disposal. 

For the soil decontamination system, the simple fixed-bed carrousel 
IX system for removal and recovery of the solubilized uranium as a 
cation is proposed. This will pennit significant recycle (greater 
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than 90%) of the lixiviant to be reused after uranium removal. 
This, and the limited use of fresh Water makeup, ~$11 also minimize 
solution bleed, reagent losses (makeup) and subsequent treatment 
requirements. Ion-exchange for uranium removal from similar 
lixiviants is a proven system being used commercially for over 
twenty years. Only the proper resin loading and stripping systems 
for the Tiron reagent complex need to be defined for design. 

The filtrates used as feed to the ion-exchange system are filtered 
in sand (multi-media) filters to remove any suspended solids or 
turbidity. These sand filters operate in a continuous, alternate 
filtering and backwash mode. The intermittent backwash returns to 
the repulp tank for the second leaching train. The clarified 
pregnant leach solution proceed to the ion-exchange system feed 
tank which provides some surge capacity in the uranium recovery 
system. 

Due to the lower pH of the Tiron reagent leaching and the lab 
observations that significantly less quantity of organic components 
are extracted from the soil, it is not felt that a carbon (or other 
type) of guard column for soil organic (e.g. humic or fulvic acids) 
components would be required. !Chis remains to be demonstrated but 
is the current basis for design; There may, however, be an 
incentive for selective iron removal from the lixiviant (either 
before or after the uranium IX columns) to reduce any tendency for 
precipitation of iron or a requirement for an extraordinary bleed 
of lixiviant to control iron. The incentives or design 
requirements for iron removal have also not been defined. An iron- 
selective solid ion-exchange (SIX) or liquid ion-exchange (LIX) may 
be appropriate. 

The clarified leach solutions are pumped as feed to three fixed-bed 
ion exchange columns in the Loading Ion Exchange system. 
Sufficient feed pump pressure is provided to force the solution 
through all of the fixed beds in series without requiring boosting. 
The columns are configured as a carrousel which operates as two or 
three stages in series foe loading. About half the time, the first 
stage with loaded resin is by-passed and is in a stripping cycle. 
The loading continues with the former second stage becoming the new 
first stage and the third stage becoming the new second stage. 

When breakthrough occurs in the first of the three stages (i. e. the 
uranium concentration on discharge from the column is about 10% of 
the feed), it is taken out of service for stripping. In a fixed- 
bed ion exchange system for uranium, this occurs when the resin is 
loaded to about 902 of its maximum loading. When stripping is 
completed, the freshly-stripped column is restored to the series 
train as the new third stage. A bleed of any excess recycle 
lixiviant may require destruction (by chemical precipitation) of 
the Tiron reagent. 
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STRIPPING STRIP SOLUTION -8 

It is presumed that the uranium is stripped from the loaded resin 
using a sodium chloride/dilute hydrochloric acid strip solution 
similar to that used for carbonate stripping. If not this strip 
system, an alternative which would still be compatible with 
peroxide precipitation would be used. The flow through the columns 
is downflow at a rate of about 0.1 gpm/ft2 specific flow rate which 
is significantly less than the loading specific flow rate (of 2.0 
gpm/ft2). This insures equilibrium stripping. About 5 bed volumes 
of strip solution would be required to strip the resin. 

An additional 1 bed volume of fresh water is typically used as a 
rinse when an acidic strip is used with a basic loading solution. 
Most of this rinse water is displaced into the strip solution 
storage tank by the initial fill with uranium-depleted lixiviant 
from the second ion exchange column upon reintroduction of the 
freshly stripped column into the loading system as the new third 
series stage. The balance of the rinse commingled with the uranium 
depleted solution reports to the recycle lixiviant tank. The 
stripping cycle proceeds intermittently about half of the column 
system operating time. 

The pregnant strip solution and displaced rinse is stored in two 
pregnant solution storage tanks operating in parallel, .one being 
filled and the other being fed to the precipitation circuit. 
Pregnant solution storage capacity provides surge fn the operation 
and allows uncoupling of the loading circuits from the 
precipitation and recovery circuits. The surge tanks are vented to 
permit gas evolution, if required. A pumped circulation loop is 
used to homogenize the contents for feed to precipitation. 

Makeup of the strip solution uses the precipitation system decant 
and filtrate as the primary solution for stripping. It is 
regenerated by salt addition and/or hydrochloric acid adjustment of 
the pH to that optimum for stripping and precipitation system feed 
(pH = 2.0 to 2.5). The mildly acidic strip solution not only 
recovers the uranium complex loaded on the resin by mass action, 
but also will clean the resin and remove some resin fouling. In 
addition, the resin is regenerated in the sodium form which should 
be compatible with exchange with the cationic complex of uranium 
with the Tiron reagent. 

The strip solution makeup system consists of two agitated mixing 
tanks in series (one being filled and mixed while the other is 
feeding the strip circuit) Solid salt is fed from a bulk hopper 
to the mix tanks as required. Concentrated hydrochloric acid is 
metered into the mixing tanks to adjust the pH. A small bleed 
(about 10015% of the solution recycle) to the waste water treatment 
systems from the strip and precipitation circuits will likely to be 
required due to the fresh water addition to the resin rinse and 
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build-up of sodium chloride and metallic ions other than uranium. 

Treatment of the bleed strip solution may also be required to 
remove the Tiron reagent. 

PEROSIDE VBBMUH PBECIPITATIOH: 

A hydrogen peroxide precipitation system is used to remove uranium 
from the acidic pregnant strip solutions. Not only is this system 
the most compatible with the acidic salt strip system, but it 
should be the most efficient for uranium removal from the strip 
solutions. The peroxide precipitation system will also maximize 
the amount of recycle strip solution which can be used, thus 
minimizing the waste water treatment requirements for strip 
solution bleed. 

The peroxide precipitation system can be operated continuously or 
in a semi-batch mode in campaigns using the surge capacity of the 
pregnant strip solution tanks as a buffer between the upstream 
systems and the uranium disposal systems. In either case, the 
critical factors are precipitation reactor residence times, slurry 
recycle as precipitation seed and pH control. Typically, the 
precipitation system is designed for double the continuous flow 
rate and operated about 50% of the time in semi-continuous 
campaigns. This also permits continuous, closely-coupled operation 
with the loading systems when longer residence times to complete 
the precipitation with high uranium removal efficiencies are 
required. 

The peroxide precipitation reactor train consists of four or five 
separate chambers in series with internal cascade overflow weirs 
separating the stages. About 90 minutes residence time per stage 
(based on new feed) is provided for operation at one-half of the 
time. Each reactor stage is agitated by axial-flow impellers with 
variable-speed drives which are regulated to balance the slurry 
suspension and mixing with the need to promote crystal growth of 
the precipitate. Circulating measurement loops with small 
centrifugal pumps are provided for each stage to facilitate 
solution monitoring, sampling and control of reagent additions. 

In the first stage the feed pregnant solution (IX pregnant strip 
solution) at a pH of approximately 2.5 to 3.0 is mixed with 
hydrogen peroxide (as 50% €&%) in approximately a ratio of 
approximately 2 to 4 times stoichiometric for uranium 
precipitation. This translates to approximately 0.15 to 0.30 lbs 
GO2 (100%) per pound of uranium in the feed solution. The peroxide 
is fed to the stage using a metering pump which delivers it to the 
circulating measuring pump loop discharge leg to promote efficient 
mixing and to prevent concentrated peroxide from coming in contact 
with the bulk slurry. 
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Recycle peroxide precipitate slurry from the thickener underflow 
(uranium content typically 100% of new feed) is also added to the 
first reactor stage to serve as seed for the precipitation. These 
recycle seed solids will optimize the precipitation efficiency and 
produce a larger-diameter uranyl peroxide precipitant which is 
readily settled and filtered. 

As the precipitation reaction proceeds, the pH drops slightly (to 
2.5 to 2.75) as acid is liberated. This lower pH accelerates the 
precipitation rate. The pH continues to drop in the reactor train 
until next to last stage. If necessary, the pH is controlled in 
the first stages to a minimum of pX = 2.0 by diversion of some 
sodium hydroxide from the last stage to prevent redissolution of 
the uranium precipitate. 

In the last reactor stage, the pH is raised to lower the uranyl 
peroxide solubility and to complete the precipitation from 
solution. The pH is raised by metering NaOH (305 solution) under 
pH control to a pH or 4.5 to 5.0. About 1.0 lb of NaOH per lb of 
uranium is typically required. 

The reaction products from the peroxide precipitation produces 
solid uranyl peroxide and additional sodium chloride in the liquid 
phase. This precipitation process is the most compatible with the 
carbonate IX loading and stripping system since typically only HC1 
is required to regenerate the uranium peroxide thickener decant and 
pressure filter filtrate back into IX strip solution. 

The uranium peroxide slurry from the last precipitation stage is 
pumped to a clarifier/thickener to facilitate separation 'of the 
liquid phase from the precipitated solids. If necessary, a= 
flocculating polymer can be added and mixed with the clarifier feed 
slurry using an in-line static mixer element. The conventional 
clarifier/thickener underflow settled uranyl peroxide slurry (25- 
50% solids) is periodically pumped to a batch recessed plate and 
frame filter press for dewatering and disposal. The filter press 
also receives backwash slurry (yellowcake and precoat filter aid) 
from the clarifying precoat filter. This backwash cycle is done 
before initiation of a campaign on the plate and frame filter to 
provide a precoat on the filter cloth. 

Some of the settled thickener underflow slurry is recycled to the 
first stage of the peroxide precipitation reactor train when  that 
system is operating. The clarifier/thickener decant overflows to 
a pump tank and is recycled to the strip solution makeup through 
the precoat filter. The filtrate from the plate and frame pressure 
filter is also clarified in the precoat leaf filter before being 
recycled to use as strip solution. This final filtration is 
necessary since any residual solid uranyl peroxide yellowcake 
solids would be redissolved in the strip solution makeup mix system 
and would reduce the effectiveness of the strip system. This 
precoat filter also prevents any precipitated uranium solids from 
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being in any strip solution bleed solutions. 

The precoat filter system has a precoat mix tank (for filter aids 
such as diatomaceous earth) which are periobically. mixed by bag 
addition. Clarifier/thickener decant is diverted, as necessary to 
mix the precoat slurry. The clarified precoat filter filtrate 
reports to one of the IX strip solution mixing/feed tanks to be 
reconstituted as strip solution. Since the entire strip and 
precipitation system can operate in a semi-continuous mode, there 
is significant flexibility of operation in  the uranium recovery 
circuit. 
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The following preliminary process design aSsumrptiOns were used in 
flowsheet development, mass balance derivation, equipment selection 
and preliminary sizing: 

COARSE SOIL 8EPARATIONt 

Nominal throughput rate 20.0 dry tons soil/hour. 

Soil moisture content average of 12.0 wt.2. 

Filtrate, recycle lixiviant and fresh water addition to the 
scrubbers and 2 mm screen are controlled such that the feed 
soil slurry density to the leach circuit is nominally 20-30 
w t . $  solids (design based on 20%). 

Coarse oversize soil (+lo0 xnm rocks, roots, etc.) is assumed 
to be about 1.0 w t . %  soil. 

Medium size soil (-100 mm + E3 mm) is assumed to be 1.5 wt.2 
soil. 

Intermediate size soil fractions (-13 mm + 2 mm) are assumed 
to be 7.5 w t . %  of the feed soil. 

TIRON LEACHING CIRCUIT: 

Feed to the Tiron Leach Train 1 @20.0 w t . %  solids. 

Residence t h e  (minimum working volume) of 30 minutes in 
holding tank, 

Residence time per stage of leach ~ 6 0  minutes (Train 1). 

Horizontal pressure belt filter cake moisture of 60.0 wt.2. 

Horizontal pressure belt filter design unit area of 50.0 
lbs/hr/ft2 for dewatering, 

Repulped filter cake feed to Leach Train 2 @ 20.0 wt.2 solids. 

Residence t h e  per stage of leach ~ 6 0  minutes (Train 2 ) .  

Belt filter cake solution acceptance rate for washing/rinsing 
is 0.160 gpm/ft2. 

Dry flocculant addition system based on a total 2.0 lbs 
flocculant/ton soil solids. 
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VRBMUM REC-Y SYSTEM (1. LOADIHG SYSTEM): 

Filtrate 1 storage tank (solution to IX) based on 1 hour 
residence time (@600 g p m ) .  

Filtrate 213 storage tank (solution to repulp) based on 1.5 
hours residence time ( W O O  gpm)  . 
Recycle lixiviant tanks based on 1.5 hours residence time 
(@600 g p m ) .  

Sand filter backwash tank based on minimum of 2 wetted volume 
backwash cycles , 

Sand filter specific flow rate of 5.0 gpm/ft2 at 350 
gpm/train. Bed height 6 ft. 

Ion exchange column specific flow rate of 2.0 gpm/ft2 at 200 
gpm/train. Bed height 4 ft, 

Ion-exchange maximum loading of 100 lbs uranium/ton resin. 

Resin replacement rate nominally 3% of inventory/year. 

Materials of construction: 316 S.S. or rubber lined C.S. 

Bed volumes of strip solution, 5 design (7 max.) . 
Bed volumes of fresh water rinse, 1 design (2 max.) . 
Resin strip solution nominally 1.0 molar NaC1, 0.10 molar HC1, 
PH = 2.5-3.0. 

strip solution specific flow rate, nominal 0 .  IO gpm/ft2, 
maximum 0.20 gpm/ft2. 

Working volume 8,100 gallons each of two. 

Materials of construction: 316 S.S. or rubber lined C O S ,  

PEROXIDE VBALSIUH PRECIPITATIOH: 

Design feed rate 4.78 gpm (half-time operation). 

Residence tbe/stage = 90.0 minutes, 

Limit for pH (minimum) = 2.0. 
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Materials of construction: HDPE, fiberglass or rubber lined 
cos. 

Hydrogen peroxide feed to: tank 1 and tank 2. 

NaOH feed to: tank 4 and tank 5 .  

Thickener U/F slurry recycle: 
uranium, range: 0-400%. 

nominally 100% new feed 

Thickener unit area: based on 1.0 m/hr fall velocity and 
maximum 30 gpm feed rate (0.40 gpm/ft2 specific flow rate). 

Thickener U/F density: 
50%) . nominal 40 wt.% solid, (range: 25- 

Recessed plate & frame uranium peroxide filter unit area based 
on 27.3 ft3 net cake capacity, one filtration cycle/day. 

Precoat filter unit area based on 1.0 gpm/ft2 specific flow 
rate, 50 g p m  maximum feed rate. One backflush cycle/day as 
precoat to recessed plat & frame filter. 

Bleed rate: lixiviant ~12.8% C.L. (range: 10-15%), strip 
solution ~10.8 % C.L. 
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TlRON URANIUM-CONTAMINATED SOIL WASHING 
20.0 DTPH SOIL INPUT, COARSE SEPARATION AND LEACHING 

STREAM DESCRlPfION 
(BASED ON FLMMET BALANCE@ 

SOIL FEED TO QRlZZLY 
QRlPLY OVERSIZE (d") TO 8CRUBBER 1 
QRlZnY UNDERSIZE (-4') TO SCRUBBER 2 
TROMMEL OVERSIZE (tl no) FROM SCRUBBER 1 
TROMMEL OVERSIZE (t1R.) FROM SCRUBBER 2 
SCRUBBER 1 WASH WATER 
SCRUBBER 2 WASH WATER 
SCRUBBER 1 RECYCLE LlXlVlANT SOLUTION 
SCRUBBER 2 RECYCLE LlXlVlANT SOLUTION 
WAWINQ a DIWATERINQ SCREEN FEED 
SCREEN W(t2mm) TO STOCKPILE 
SCREEN U18 (-2mm) TO HOLDlNa TANK 
SCREEN WASH WATER 
COMBINED (+2mm) 018 TO DISPOSAL STOCKPILE 
VRON REAQENTTO TRAIN 1. 
NlOH pH ADJUSTMENT - LEACH TRAIN 1 
RECYCLE LIXIVIANT 2B 
NETFEEDTO LEACH TRAIN 1 
LEACH TRAIN 1 DISCHARQE TO PRESSURE FILTER 1 
PRESSURE FILTER 1 CAKE TO REPULP 
FILTRATE 1 TO IXCOLUMN 
DRY FLOCCULANT 
DRY FLOC DILUTION (RECYCLE LIXIVIANT) 
DILUTED FLOCCULANT TO PRESSURE FILTER 1 
DILUTED FLOCCULANT TO PRESSURE FILTER 2 
RECYCLED FILTRATE 3 FOR REPULP 
ARYCLED FKTER BACKWASH (FILT. 4) FOR REPULP 
TIRON REAQENT TO TRAIN 2' 
NaOH pH ADJUSTMENT - LEACH TRAIN 2' 
NET FEED TO LEACH TRAIN 2 
LEACH TRAIN 2 DISCHARQE TO PRESSURE FILTER 2 
FILTRATE 2 
FILTRATE 3 
FILTRATE 4 TO SAND FILTER BACKWASH a RECYCLE 
RECYCLE LlXlVIANT WASH FOR BELT FILTER 2 
FRESH WATER WASH ON BELT flLTER 2 
WASHED FILTER CAKE(-mm) SOILTO DISPOSAL 
TOTAL LHIUID OXYQEN FEED TO REACTORS 

BASED ON INITIAL MASS BAUNCES FOR REVISION 2 1 

SOLIDS LIQUID SLURRY 
8.Q. S.Q. 8.0. 
2.600 l.m 2.11g 
2 . m  
2.600 
2 . m  
2.600 - - - - 
2.600 
2.m 
2 . m  

2.600 
2.500 
2.500 
2 . m  
2.600 
2 . m  
2 . m  
2.600 
1 .E00 

1 .E00 
1 .E00 
2.m 
2.500 
2.600 
2 . m  
2 . m  
2 . m  
2 . m  
2 . m  
2 . m  
2.600 

2.500 

- 

- 

- 

l.m 2.119 
l.m 2.119 
l.m 1.823 
1.OOO 1.823 
l.m l.m 
l.m l.m 
1.Ooo 1.ooo 
1 . m  1.000 
1.OOO 1.272 
1.OOO 1.823 
l.m 1.218 
l.m 1.ooo 
l.m 1.823 
1.Ooo l.m 
1,327 1.327 
1.006 l.m 
l.m 1.130 
l.m 1.138 
l.m 1.663 
l.m 1,Ooo 
l.m 1.800 
1.600 1.Ooo 
l.m l.m 
l.m l.m 
l.m 1.Ooo 
1.006 1.ooo 
l.m 1.Ooo 
1.327 1.527 
1 . m  1.138 
l.m 1.136 
l.m 1 . m  
l.m l.m 
l . m  1.m 
l.m 1.006 
l.m l.ooa 
1 . m  1 . m  
1.m 1.Ooo 

ON FLOWSHEET (1 1121M.) Ab 

BULK WT.96 
DENSITY S[)LlOS 

90.0 88.00 
132.1 88.00 
132.1 88.00 
84.0 80.00 
84.0 80.00 
02.4 0.00 
62.4 0.00 
82.4 0.00 
02.4 0.00 
78.4 35.67 
84.0 80.00 
70.0 29.85 
02.4 0.00 

119.9 80.00 
02.4 0.00 
82.8 0.00 
62.4 0.00 
70.9 20.00 
70.9 20.00 
97.1 00.00 
02,4 0.00 

112.3 100.00 
62.4 0.00 
62.4 0.10 
02.4 0.10 
70.9 0.00 
07.s 0.00 
82.4 0.00 
82.8 0.00 
70.9 20.00 
70.0 20.00 
62.4 0.00 
82.4 0.00 
02.4 0.00 
02.4 0.00 
62.4 0.00 
02.4 80.00 
62.4 0.00 

COUNTERCURREI 

W a n - 8 5  

ISSUE 2 
Rev. 0 

SOLIDS LIQUID TOTAL TOT.QPM STREAM 
(STPH) (STPH) (SlPH) (yd3MR) NUMBER 
2O.oooO 2.7270 22,7270 (18.70) 
0.w00 0.002 

1 9 . m  2.8588 
0.2000 0.0500 
0.3OOo 0.0750 
o.oo00 10.0200 
0.0000 10.0200 
0.0000 6.2600 
0.0000 0.2600 

1s.MNIO Ss.1m 
1.5000 0.3750 

18.06oO 42.2870 
O.oo00 7.6100 
2.oooo 0.fiOob 
o.oo00 0.4377 
0.0000 0.2833 
0 . m  29.oooo 

18.0000 72'0180 
18.0000 72.0180 
18.0180 12.0100 

0.03(10 0.oOoa 
o.oo00 34.oooo 
0.0180 18.oooo 
0.0180 18.oooo 
0 . m  w.3270 
0.0000 12.0240 
0 . m  0.4977 
0.0000 0.2833 

18.0180 72.0720 
18.0180 72.0720 
0.6oOo 78.0480 
O.oo00 24.0480 
0.0000 12.0240 
0.0000 24.0480 
0.0000 12.0240 

18.0380 12.0240 

0.0000 n.0080 

0.6882 (0.32) 
22.1688 41.78 
0.2600 (0.22) 
0.3750 (0.33) 

10.0200 40.03 
10.0200 40.03 
0.2600 25.01 
6.200 25.01 
64.6820 171.63 

m.2870 197.74 
7.5100 m.00 
2.5000 6.19 

0.2833 0.86 
2e.oooo 116.80 
90.0180 310.48 
90.0180 310.47 
m.0280 7o.n 
78.0080 311.64 
0.oSw (0.0238) 

3(1.oooO 143.82 
18.0180 71.9s 
18.0180 71 .a6 
60.3270 237.01 
12.0240 48.04 
0.4377- 1 .7s 
0.2833 0.85 

90.08oO 310.72 
90.08oO 310.72 
78.0480 311.70 
24.0480 98.07 
12.0240 48.04 

12.0240 48.04 
30.08oO 120.08 

1.8760 3.90 

0.4311- 1 .7s 

24.0480 98.07 

1 
2 
3 
4 
6 

101 
102 
61 
62 

4 
1 
II 

103 
9 

61 
ea 
20 
10 
11 
12 
13 
63 
53 
64 
OS 
64 

62 
a7 
14 
15 
17 
18 
19 
M 

104 
16 

(le) 

0.0000 0.0217 0.0217 0.09 1 80 I 
*. TWO-TRAIN LEACHINQ. 

TIRON ADDmON TO 0.2 MOLAR, NaOH ADDITION EQUIVALENT TO 0,OS MOLAR, B k  ON BLEED. 



SHEET 2 

STREAM 
NUMBER 

11  
St 
w 
54 
M 
13 
17 
11 
19 
20 
21 

22 
23 

- 6 0  
24 
26 
28 - 27 - 28 
32 
29 
30 
31 
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34 
36 
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TlRON URANIUM-CONTAMINATED SOIL WASHING 
20.0 DTPH SOIL INPUT, URANIUM REMOVAL & LlXlVlANT RECYCLE 

STREAM DESCRIPTION 
(BASED ON FLMMET BALANCES) 

SCRUBBER 1 RECYCLE UXlVlANT SOLUTION 
8CRUBBER 2 RECYCLE LlXlVlANT SOLUTION 
DRY FLOC M L W N  (RECYCLE LIXIVIANT) 
RECYCLQ FILTRATE PlZI FOR REPULP 
RECYCLE LDmnANT WASH FOR PRESSURE FILTER 2 
FILTRATE 1 TO IX COLUMN 
FILTRATE 2 RECYCLE TO REPULP 1 
FILTRATE 3 RECYCLE TO REPULP 1 
FILTRATE 4 TO SAND FILTER BACKWASH & RECYCLE 
RECYCLE FILTRAtEP13 TO REACTOR TRAlN 1 
FILTRATE 213 BY-PASS TO IX FEED 
HYDROCHLORIC AGIO TO IX pH ADJUST' 
COMBINED FEED TO IX COLUMNS 
IX COLUMN DISCHARGE 
LfMMAMBLEED TO AWWT 
STRIP SOLUTION TO MCOLUMNS 
PREQNANT STRIP S O L W N  FfBM IX COLUMNS 
PRECIPITATION CIACUK FEED (CONTINUOUS) 
HYDROGEN PEROXIDE FEED (5096 gC)LN.) TO PPTN. 
NaOH FEED (30% SOLN.) TO PPTN. 
RECYCLETHICKENER U F  AS SEED IN PPTN. 
URANYL PEROXIDE SLURRY TO THICKENER (NW 
THICKENER DECANT Off TO PRECOAT FILTER 
THICKENER Uff  SLURRY 
FILTER PRESS FEED 
FILTER PRESS FITRATE TO PRECOAT flLTER 
FILTER PRESS URANYL PEROXIDE CAKE TO DISPOSAL 
NET FEED TO PRECOAT FILTER 
NET FEED TO RECYCLE MAKEUP 
BLEED REQENERATE TO AWWT 
BOMUM CHLORIDE TO STRIP SOLUTION MAKEUP 
HYDROCHLORIC ACID TO STRIP 80LOfK)N MAKEUP 
FRESH WATER IN STRtP MAKEUP 
IASED ON INITIAL MASS BALANCES FOR REVISON 2 TlR 

BOUDS LMUlD SLURR' 
S.Q. S.Q. 8.0. 
2.600 l.Oo0 1 . w  
2.500 
2.500 
2 . 0  
2 . 0  
2.500 
2.500 
2.500 
2.500 
2.500 
2.m 
2.500 
2.500 
2.500 
2.600 
2.500 
2.500 
2.500 
2.500 
2.500 
7.600 
7.600 
7.000 
7 . m  
7 . m  
7.600 
7 . m  
7 . m  
7.000 
7.800 
2.200 
2.200 

1 . m  1 . m  
1 . m  l.w 
l.m 1.011 
1.Ooo 1.011 
l.m 1.021 
l.oa0 l.m 
1.000 1 . w  
1 . m  1.oM 
1.006 l,m 
1.Ooo 1 . m  
1.100 1.104 
l.m 1 . m  
1.Ooo 1.oM 
1.Ooo l.w 
1.100 1.lW 
1.100 1.11 
1.100 1.1w 
1.107 1.107 
1.327 1.547 
1.100 1.031 
1.100 1.147 
1.100 1.108 
1.100 1.991 
1.106 1.931 
1.100 1.108 
1.100 0.080 
1.100 1.100 
1.100 1.106 
1.100 1.100 
1.100 2.200 
1.1w 1.150 

0.000 1.000 1.000 
FLOWSHEET (11121194) AND 

BULK WT.% 
DENSITY SOLIDS 

62.4 0.00 
62.4 0.00 
62.4 0.00 
73.1 0.00 
63.3 0.00 
w.0 0.00 
62.4 0.00 
82.4 0.00 
62.4 0.00 
62.4 0.00 
62.4 0.00 
w,o 0.00 
82.4 0.00 
62.4 0.00 
02.4 0.00 
89.0 0.00 
w.0 6.00 
89.0 0.00 
74.7 0.00 
82.8 0.00 

120.4 50.00 
71.8 4.21 
69.0 0.00 

120.4 WBO 
120.4 50.00 
69.0 0.00 

182.1 75.00 
w.0 0.00 
m.0 0.00 
(18.0 0*00 
08.0 100.00 
71.7 0.00 
82.4 0.00 

WTER-CURRENT 

SOLIDS LIQUID TOTAL 

0.0000 
0.0000 
0.0000 
0.0000 
O.oo00 
0.0000 
0.WW 
O.oo00 
0.WW 
0.0000 
O.oo00 
O.ao00 
0.0000 

O.oo00 
O.oo00 
O.oo00 
O.oo00 
0.0000 
O.oo00 
0.0931 
0.1881 
0.0000 
0.1881 
0 . m 1  
0.0000 
0.0891 
O.oo00 
O.oo00 
0.0000 
0.0411 
0.0000 

8 . 2 0  
3O.0000 
m.3270 
24.0480 
78.0080 
78.0410 
24.0480 
12.0240 
29.0000 
73.0880 
0.1700 

161.2740 
151.2740 
19.3701 
4.2300 
4.2300 
4.2300 
0.0030 
0.0160 
0.0831 
4.2300 
4.0430 
0.1881 
0.0831 
0.6820 
0.0310 
4.1059 

0.4100 
0.0000 
0.0411 

8 . M  
3O.oooo 
u.21w 
24.0480 
71.22010 
78.0480 
24.0480 
12.0240 
29.oooo 
73.0880 
0.1700 

151.2740 

19.3701 
4.2300 
4.2300 
4.2300 
0.0030 
O.Olb0 
0.1881 
4.4181 
4.0430 
0.3722 
0.1861 
0.0020 
0.1241 
4.1088 
3 . w s  
0.4100 
0.041 1 
0.041 1 

isi.2wo 

o.oo00 0.5486 0.3285 
WO-TRAIN LEACHING 

(YdWR) 
26.01 
26.01 

143.82 
174.W 
04.67 

2~1.11 
aii.70 
06.07 
48.04 

115.88 
292.02 

0.81 
aM.34 
ao4.34 

16.28 
11.28 
16.28 
0.010 
0.046 
0.30 

lS.38 
14.81 

0.39 
0.22 

(0.048 
14.83 
13.35 
1.48 

(0.0321 
0.14 
1.31 

@ 

0.n 

O&fan-BS 

ISSUE 2 
lev. 0 
STREAM 
NUMBER 

I 1  
52 
I 
54 
w 
19 
17 
111 
l a  
26 
21 
w 
22 

W 
24 
211 
26 
27 
21 
32 
29 
34 
31 
33 
34 , =  
3O 
do 
37 
38 

104 

/ z  e7L 23 

BASQ ON 0.01 MOLAR ADJUSTMENT FOR pH TO IX. 
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	Bulk Salt Screw Feeder (5 cu A hopper volumelric fder)
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	HGMS Recycle Feed Tank Agitator (15 HP 56 rpm 72 in dia impellor)
	HGMS Recycle Feed Pump (325 gpm 65' TDH 20 HP)
	Static Mixer 1 (350 gpm 3 I6 SS 24 element intemals)
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