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MULTIPHASE FLOW OF GAS-LIQUID AND GAS-COAL .
SLURRY MIXTURES IN VERTICAL TUBES

by

K. Javdani, S. Schwalbe, and J. Fischer

ABSTRACT

This research was done as a support study for the SYNTHOIL
process and other coal liquefaction processes being developed to
produce clean liquid fuels from coal. The objective of this work
is to obtain experimental data on flow characteristics for upward
flow of gas-liquid-solid mixtures in vertical tubes simulating
‘conditions in the SYNTHOIL process. Study of the transport phen-
omena of multiphase mixtures is of importance to many chemical
engineering operations in general and to some othefk coal conversion
processes in particular. A brief review of the application of this
work to existing processes is presented.

The first part of this program was devoted to study of the flow
characteristics of two-phase gas-liquid systems. The applicability
of existing correlations in the literature to this research was
tested at the conditions of high liquid viscosity and high gas den-
sity that will exist in the tubular heater of a SYNTHOIL plant.

The gas-liquid flow data were then compared with results obtained

in three-phase gas-slurry experiments. Gas-liquid mixtures consist-
ing of nitrogen or helium and each of two types of mineral oils, of
different viscosities, were used to provide data showing the effect
" on flow characteristics of a seven-fold variation in the density of
the gas phase and a seven-fold variation in the viscosity of the
liquid phase. In addition, two tubes of different diameters were
-used in the experiments to provide a means of evaluating the effect
of the variation of the tube diameter on the flow characteristics.

In the second part of this research program, the flow charac-
teristics of gas-slurry mixtures were investigated. The c¢oal slurry
was formed by adding pulverized Kentucky coal to mineral oil. Three
different coal concentrations, up to 27.1 weight percent, were
employed. Data on pressure drop and slurry holdup for the three-
phasé system were obtained and were compared with the data for the
- flow of the two-phase gas-liquid mixtures.

The following observations pertain to the behavior in both the
two-phase and the three-phase systems. The total pressure drop
increases with liquid flow rate and, except tor some regions of
low-liquid and low-gas superficial velocities, it also increases

.with gas flow rate. The frictional component of the pressure drop
was- correlated using the Martinelli parameters. It was found that
the density of the gas phase has a large effect on the total
pressure drop at large values of the superficial gas velocity
corresponding to a film flow regime. Tubes with small diamecters
were found to produce larger pressure drops at a given superficial



velocity. This effect was small at low gas flow rates but
increased as the gas flow rate increased.

The liquid holdup in the column decreased with increasing
gas flow rate but increased with increasing liquid flow rate.
Holdup increased slightly with increasing viscosity of the liquid
phase. At lower densities of the gas phase, larger values of
liquid holdup were obtained. The 'holdup data for different gases
were plotted against a modified superficial gas velocity that was
a function of the square root of the ratio of the densities of the
two gases. The liquid holdup did not appear to be a function of
tube diameter. .

It was observed that film flow starts at much lower -values of
superficial gas velocity than had been previously reported for the
type of two-phase mixtures used in these exuperimenta. Within the
range of liquid viscosities employed in these experiments (22-140
cp), the liquid viscosity has a small effect on the location of
the tilm flow bordar line. Within the slurry coal coucenlrallon
range (0-27.1 wt %), the coal slurry behaves like a single-phase
homogeneous Newtonian liquid, although the effective viscosity of
the slurry changes with the coal concentration. Consequently, if
the effective viscosity is used, the results obtained in the two-
phase flow experiments are equally applicable to the flow of gas-
slurry mixtures. Experimental data obtained with the gas-slurry
mixtures verify this conclusion. Due to additional slip between
the coal particles and the liquid phase, the holdup values in
gas-slurry experiments are found to be slightly larger than the
corresponding values for gas-liquid systems.

I. INIRODUCTTION

Thic rescarch project was done as a support study for the SYNTHUIL process
and other coal liquefaction processes being developed to produce clean liquid
fuels from coal. The objective of this work is to obtain experimental data on
flow characteristics for upward flow of gas-liquid-solid mixtures in vertical
tubes simulating conditions in the SYNTHOIL process.

Study of the transport phenomena of multiphase mixtures is of importance
to many chemical engineering operations in general, and to some coal conversion
processes in particular. In the SYNTHOIL coal liquefaction process, a slurry
composed of fine coal particles and the recycled product oil flows in a mix-
ture with a pressurized stream of hydrogen.! 1In this process, as seen in the
flow sheet diagram of Fig. 1,2 the three-phase mixture is pumped into a pre-
heater where its temperature rises to 450°C. At this temperature and under
a hydrogen pressure of 2000-4000 psi, the molecular coal structure is broken
up and most of the coal is converted to a liquid that is soluble in the carrier
0oil. 'The mixture then enters a fixed-bed catalytic reactor where additional
liquefaction of coal particles, molecular cracking, and desulfurization occur.
Subsequently, coal ash is removed, producing a clean fuel product. An almost
identical situation exists in the "H-coal' liquefaction process; the only
difference is that instead of a fixed-bed reactor, an ebullating catalytic
reactor is used for the final stages of coal liquefaction and desulfurizatiom.3
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Flow of three-phase gas-liquid-solid mixtures in pipes, tubular heaters,
and reactors has other applications in industrial chemical engineering. A
brief review of these appllcatlons and the existing processes has been pre-
sented by Ostergaard. These applications range from catalytic hydrogenation
of organic material (such as liquid petroleum fractions, fatty oils, and glu-
cose) to catalytic polymerization of ethylene in the production of certain
types of polyethylene. Despite the relatively large number of applications
of three-phase (gas-liquid-solid) systems in chemical engineering processes,
a survey of the existing literature shows that limited research has been
carried out on the fundamental characteristics of the flow of three-phase
mixtures. Most previous investigations of three-phase systems were concerned
with the behavior of two-phase gas-liquid mixtures flowing through fixed or
fluidized beds of solid particles rather than the nature and properties of
the flow of a three-phase mixture.>~7

Li coulrasl btu the scarcliy of llterature on chree-phase flow systems, a
great deal of scientific and technical information has accumulated in the
. literature on the characteristics of two-phase flow systems. A general index
containing over 5000 references up to the year 1966 on two-phase gas-liquid
flow has been compiled by Gouse.® More specific aspects of two-phase gas-
liquid flow have been reviewed by Scott? and Alves.l0 More recent references,
along with a comprehensive treatment of experimental and analytical aspects of
two-phase flow in pipes, have been presented by Wallis!! and Govier and Aziz.l2,
The former reference emphasizes more analytical and fundamental aspects of
the flow of two-phase mixtures, and the latter reference treats the problem
from a more practical point of view and recommends design procedures suitable
for different specific conditions.

In addition to the numerous investigations concerning flow behavior of
two—-phase mixtures, considerable attention has been directed toward heat trans-—
fer and to some extent toward mass transfer problems related to the flow of
such mixtures. Because of its specific application to the cooling of nuclear
rcactors, most of the existing literature on two-phase flow heat transfer
concerns heat transfer during two-phase flow with a phase change (namely,
boiling). The index compiled by Gouse® gives references up to the year 1966
on this subject too. Some experimental results on heat transfer coefficients
in different flow regimes of two-phase flow in the absence of phase change
have been reported by Kudirka.!3 Also, a review of some past investigations
on heat transfer in cocurrent gas-liquid flow in pipes has been presented by
Scott? and a more recent review by Alves. !0 Analytical technlques have been

used for predicting heat transfer rates in two-phase flow systems, especially
in the annular film flow regime.“+ Because of the complexity of the flow
cotifigurations and the need for approximate solutions, these techniques have
not been successful. For this reasou, empirical or semi-empirical correlations
are normally used in most of the design calculations.

The volume of literature on mass transfer in two-phase flow is relatively
small compared to that on heat transfer. Again, reviews by Scott? and Alves!0
give some indication of the state of the art on the subject of mass transfer
in cocurrent gas-liquid flow. Cichy et al.1°:16 have proposed mathematical
models for interphase mass transfer in two-phase flow in pipes under different
flow regimes and consequently have derived equations for the prediction of
interphase mass transfer coefficients at different conditions. Recent publi-
cations pertaining to mass transfer in the flow of multiphase mixtures in
tubes and packed and fluidized beds have increased the volume of the literature
on this subject. 17-23



The problem of immediate concern in this investigation is the flow
characteristics of three-phase gas-liquid-solid or simply gas-slurry mixtures.
Unfortunately, in contrast to the two-phase flow systems, very little tech-
nical information is available on the flow behavior of gas-slurry mixtures.
However, the properties of slurries themselves have been studied in more
detail and it has been found that under certain circumstances and depending
on the size and relative density of the solid particles, a slurry may have the
flow properties of a homogeneous liquid.. When solid particles are small and
their specific gravity is very close to that of the surrounding liquid, their
settling rate will be minimal. Under these circumstances, the slurry behaves
in the same manner as a liquid.

Criteria for distinguishing between homogeneous and heterogeneous slurry
behavior have been presented in a publication by Aude et al.2" Therefore,
provided the criteria for the existence of a homogeneous slurry are satisfied,
the problem involving the multiphase flow of gas-liquid-solid (gas-slurry)
mixture reduces to that of a gas-liquid two-phase.flow; consequently, the
analysis can be conducted using the established results for two-phase flow
systems.

It should be noted, however, that the physical properties and particularly
the rheological behavior of the homogencous slurries may differ considerably
from those of an ordinary Newtonian liquid. For this reason, direct applica-
tion of the results obtained for two-phase flow of gas-liquid mixtures to
problems involving the flow of gas-slurry systems may not be possible. Never-
theless, in the absence of any directly relevant data, the existing informa-
tion on two-phase flow systems can be helpful in deciding which parameters are
important in the study of gas-slurry systems and what kind of information
should be obtained. Such information can be quite useful if it is found that
the homogeneous liquid-solid mixture behaves very much like a Newtonian liquid.

In a recent review article, Jeffrey and Acrivos?® discussed the general
rheological behavior or suspensions of rigid particles in liquids. Generally,
it has been found that, for particles as small as a few microns or less,
suspensions behave macroscopically as non-Newtonian fluids whose rheological
properties are influenced by many factors, including particle size and con-
centration. For this reason, any experimental results in the literature
involving two-phase flow of a gas and a non-Newtonian liquid may prove to be
helpful in analyzing the corresponding problems in gas-slurry flows. Unfor-
tunately, only in the last few years has attention been focussed on problems
involving two-phase flow of gases and non-Newtonian liquids.ze_so Some
experimental results that have been presented for pressure drop and holdup in
vertical transport of a gas and a non-Newtonian liquid in cylindrical tubes
show some differences from results with Newtonian liquids. However, due to
a lack of sufficient data on this matter, generalization of the behavior of
non-Newtonian liquids in two-phase flow can not be done with adequate confidence.

Although various generalized correlations exist in the literature for the
prediction of flow characteristics of gas-liquid mixtures, it is doubtful that
these correlations can be applied to all types of liquids and to all types of
gases under all circumstances. Moreover, their applicability to multiphase
gas-slurry systems, which is of special concern in this work, is not clear.
For this reason, an experimental program was undertaken to investigate the
special features involved in the flow of such mixtures. Fortunately, the



existing results on the two-phase problems were found to be useful in setting
a format for the research program.

A. General Features of Multiphase Flow .in Vertical Tubes

Generally, two-phase flow studies involve the determination of three basic
characteristics of flow as a function of the flow parameters. These character-
istics are the flow pattern, the liquid holdup, and the ‘pressure drop. In our
fundamental research on the flow of gas-slurry mixtures, we will be looking for
the same characteristics. To simplify the problem, we will limit our analysis
to upward flow in circular tubes. In order to become familiar with the general
behavior of a two-phase flow system, a brief description of each of the above
characteristics will be presented here along with general methods that have
been recommended for predicting them.

B. Flow Pattetn

Determination of the flow pattern in a multiphase mixture is the most
important step in evaluating the characteristics of the flow. In tubular flow
of gas-liquid mixtures, different patterns develop due to interactions between
the velocities and physical properties of the phases. These patterns relate
to different flow regimes and, depending on the configuration of each phase,
they are referred to as bubble flow, slug flow, froth flow, annular film flow,
and mist flow. The flow patterns that would he nhserved in these regimes are
seen in Fig. 2.1 This figure shows an example of the complexity of two-phase
flow. Obviously, each flow regime requires a different method of analysis, and
therefore one has to be able to predict the type of flow regime in a specific
system.  Actually, in some cases, a sequence of flow regimes may develop due
to changes in operating conditions. If Fig. 2 is considered a section of an
evaporator, then a sequence of flow patterns occurs as a result of more and
more liquid converting into vapor.

Identification of the flow pattern in a given system is not easy. Depend-
ing on the velocities of the phases and their physical properties, different
types of flow patterns can be established in a tube. TFig. 3 shows flow patterns
observed in upward two-phase flow of air-water mixtures in cylindrical tubes. 12
General correlations have been proposed for the determination of the boundaries
between different flow regimes.!l,12 However, their validity for all types of
gases and liquids is questionable since most of the experimental data have been
obtained using air-water systems.

Figure 4 shows a generalized correlation for predicting the boundaries of
various flow regimes in upward flow of gas-liquid mixtures in cylindrical
tubes.1? This correlation is reported to be in general agreement with most
experimental results. However, no effect of viscosity or tube diameter on flow
patterns is evident in this model. This result has generally been verified by
some researchers, although some effect of diameter on the froth and mist regimes
has been reported. This correlation has been recommended for overall assess-
ment of the flow pattern that can be expected at specific conditions. It is
believed that this correlation can be used with reasonable confidence for all
gas-liquid systems. Unfortunately, considerable uncertainties exist in the
use of this correlation for a practical application such as the SYNTHOIL
process. The boundaries that separate different flow regimes in Fig. 4 are not
as exact as is shown, and considerable deviation might occur in certain cases.



Drop-annular

. .
.
N o
RO
. .
o \ :
Lo )
0 .
il |

Annulor :
Fig. 2.
Flow Patterns That Can Be
Slug-annular  Observed In Upward Gas-Liquid
. Flow!! From One Dimensional
Two~Phase Flow by G. B. Wallis,
: 1969. Used with permission of
(i:) . . McGraw-Hill Book Company.
ug
Q Bubbly slug
B3 2] Bubbly
o E

e Liquid

The uncertainties are relatively large in the SYNTHOIL process because of
the rather extreme values of the physical properties (such as viscosity) of
the fluids. Also, the effect of the solid particles on this flow classifica-
tion is not clear. These results (Fig. 4) were obtained at long distances
from the tube entrance; in a short tube, features may differ. The shape of a
device used to mix the phases before they enter the tube is important in
establishing a flow regime, especially in short tubes. For these reasons,
correlations such as those in Fig. 4 may not be helpful in characterizing the
type of [low that occurs in the SYNTHOIL process. Identification of the flow
regimes should be done in an experiment that simulates the actual conditions
existing in the SYNTHOIL process.
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cC. Holdup

In the flow of multiphase mixtures, each phase may have a velocity which
differs than that for the other phase(s). This has normally been referred to
as the slip velocity between phases. This slip velocity causes one of the
phases to accumulate with respect to the other in the tube so that the ratio
of the quantities of phases in a tube differs from the ratio of the entering
quantities. This accumulation has been referred to as the holdup, which is a
major characteristic of the flow. This characteristic has also been reported
in the literature in terms of slip factor, holdup ratio, or volume fraction
- of liquid (¢n situ; cross sectional average, or volumetric average) in the
column.!1>12 As mentioned previously, data corresponding to three-phase mix-

tures cannot be found; numerous data in the literature pertain only to the
flow of two-phase mixtures, mostly air-water systems. A typical correlation
is given in Fig. 5.3! The data for this correlation has been obtained in a
1-in. pipe, using mixtures of air and liquids having viscosities ranging from
that of water to 30 cp. The effect of tube diameter does not appear in this
correlation. This has been checked against air-water data of other studies in
which tube diameters ranging from 0.4 to 3.24 in. were used. Generally good
"agreement has been found.
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D. Pressure Drop

Pressure drop in the flow of multiphase mixtures in tubes is important -
for the design of tubular sections of the process equipment and for the selec-"
tion of pumps and compressors. In addition, abrupt changes in the slopes of
pressure drop curves can be attributed to changes from one type of flow to
another and hence can be used to identify the conditions corresponding to
border lines between différent flow patterns. : -

The pressure drop, measured experimentally for the flow of a multiphase'
mixture in a vertical tube, usually consists of (1) the pressure drop due to.
the static head of the mixture in the tube and (2) that due to frictional
losses and acceleration effects. Arbitrary definitions have been used to
separate these components from the tntal pressure loss and to usc the fric-
tional component of the pressure drop to define dimensionless quantities used
in generalization and correlation of experimental data with different flow
variables. Among the dimensionless quantities that have heen proposed for
gas-liquid two-phase flow, one can refer to the Martinelli parameter32 that is
essentially the ratio of the frictional pressure drop of the two-phase flow to
the frictional pressure drop that would have existed if only one phase was
flowing by itself. Another quantity that has been defined as a measure of
frictional pressure drop in the tube is the conventional friction factor (for
two-phase flow) based on the superficial velocities of gas or liquid. However,
as was the case with the determination of flow pattern and the prediction of
holdup, all existing correlations correspond to two-phase flow systems, mostly
involving air and water, and hence may not agree with experimental data '
obtained under all conditions.

It should be reemphasized that the correlations available in the litera-
ture for predicting the flow characteristics of two-phase mixtures may not be
applicable in a given situation, especially if the physical properties of the
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fluids being studied at ANL deviate greatly from those corresponding to the

bulk of the data used for obtaining the correlations. Indeed, such a situation .
exists in the SYNTHOIL process. In addition to solid particles being present,
the nature and physical properties of the gas and liquids involved make it
uncertain whether the correlations in the literature can be applied to the
problem at hand. For this reason, a series of experiments was carried out

using fluids closely resembling those used in the SYNTHOIL process, and the
applicability of the correlations in the literature for predicting the flow
characteristics in the SYNTHOIL tubes was tested.

E. Relevance of the Research Project to the SYNTHOIL Process

In ‘the SYNTHOIL coal liquefaction process,1 the feed mixture to the pre-
heater vessel (upstream from the catalytic reactor) consists of hydrogen,
recycled oil product, and pulverized coal particles. The feed o0il mixture has
a coal concentration of about 35 wt %. A temperature of 450°C is maintained
in' the reactor, and the hydrogen pressures used have been in the range of 2000
to 4000 psia.? The hydrogen flow rate is reported to be 1300 scfh, correspond-
ing to a slurry flow rate of 25 1lb/hr. These figures yield a hydrogen to slurry
volume ratio of approximately 70 to 1 at 450°C and 2000 psia and 35 to 1 at
450°C and 4000 psi. The slurry flow rate was calculated assuming a specific
gravity of 1.1 for the slurry. Thus in the SYNTHOIL process, we encounter a
three-phase flow of gas, liquid, and solid. The flow properties of this
mixture have a direct effect on the physical and chemical changes that occur
in the process. Physical and chemical changes occur in the following steps:
heating and cooling of the mixture in tubular .heaters and coolers, devolatil-
ization and subsequent change in the volume of the coal particles, generation
of gases due to hydrogenation and hydrocracking, and eventual dissolution and
hydrogenation of coal particles in the preheater and reactor. Theoretical
analysis, as well as interpretation of experimental data for such changes,
requires an understanding of the flow characteristics of the mixture. Also,
optimum design, scaleup, and efficient operation of the SYNTHOIL process are
dependent on information about the flow characteristics of the three-phase
mixture at various stages of the process. Figure 6 shows a schematic repre-
sentation of one stage of the process, namely, heating in the tubular pre-
heater. Heat transfer coefficient data are needed for the design of such heat
. exchangers. In fact, investigations to obtain such data are currently under
way.33 Such data is normally obtained by measuring the inlet and outlet bulk
temperatures and the heat flux from the wall. Obviously, the heat transfer
rate between the wall and the mixture inside the tube will depend on the type
of flow and on the fractional amounts of liquid and solid in the tube. More-
over, knowledge of these flow characteristics inside the tubular heater is
essential for correlating the experimental data and for choosing appropriate
dimensionless numbers to correlate the results. Furthermore, utilization of
this data in the design and scaleup of the actual SYNTHOIL process requires
that the flow patterns and fractional holdup in the actual scaled-up heat
exchanger be predicted.
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II. OBJECTIVES

The objectives of this research are to measure the important parameters
of multiphase upward flow in cylindrical tubes, using fluids that at ambient
conditions closely resemble those that exist in the SYNTHOIL process at the
prevailing temperature and pressure, and to produce results that will be help- -
ful in clarifying the flow characteristics encountered in the SYNTHOIL process:.

The parameters that were investigated were pressure drop and holdup duringi
upward flow of gas-slurry mixtures in cylindrical tubes. The types of flow
regimes that occur under different flow conditions were identified. Although
a large volume of data and a number of correlations for the prediction of these
characteristics exist for gas-liquid systems, some experiments were carried out
using gas—-liquid mixtures as well. This was done because of the uncertainty of
applying the existing correlations to the special gas-liquid systems of the
SYNTHOIL process since the viscosity of the circulating-oil product in the
SYNTHOIL process differs considerably from the viscosities of the liquids
generally used in previous experiments. Also, due to the high pressure in the
SYNTHOIL process, the density of the gas is considerably greater than was used
in earlier experiments. Moreover, since the behavior of gas-liquid-solid (gas-
slurry) flow had to be compared with the flow behavior of the mixture in the
absence of the solid particles, it was essential that some experiments on the
two-phase flow of gas-liquid systems also be performed.

IITI. EXPERIMENTAL
A. Apparatus

The experimental unit used for measuring the flow characteristics is shown
.schematically in Fig. 7. It consisted of a vertical glass tube approximately
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240 cm long which was used as the test section for measuring the pressure drop
and holdup and for observing the flow patterns in the gas-liquid (or gas-slurry)
flow. In order to determine the effect of the diameter of the tube on the
above flow characteristics, experiments were conducted using two columns, one
with 0.70-cm ID and the other with 1.27-cm ID.

The liquid or slurry was pumped from a tank through the annular space of
"the inlet scction into the bottom of the vertical glass tube test section. An
Oberdorfer helical rotary positive displacement pump was used for this purpose.
This type of pump, designed to handle slurries and high viscosity liquids, was
driven by a 1/3-hp a-c motor, and was equipped with a "Zero-Max" gear reduction
drive to permit adjustment and control of the flow rate.

The rate of flow of liquid into the column was measured with calibrated
rotameters. However, use of the rotameters proved to be impractical for
measuring the slurry flow rate during the gas-slurry experiments. The coal
particles in the slurry lodged between the rotameter bob and the inner wall of
the rotameter tube and prevented proper positioning of the bob. For this
reason, the slurry flow rate was determined by measuring the pressure drop
across a flow restriction. A-horizontal straight-tube viscometer was used to
measure the slurry flow rate. By measurement of the pressure drop produced in
this horizontal tube and use of a predetermined DAP/4L vs. 8u,/D curve (equation)
2 in Section C, below), the average velocity in the tube and hence the flow rate
could be easily determined. The only disadvantage of using this device for
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flow measurement is that the pressure drop in the tube is produced by viscous
effects and is therefore sensitive to variations in temperature. This effect
could have been minimized by using a venturi-meter, but because deposition of
coal particles in its throat that would have resulted in a change in the throat
area and loss of accuracy, the idea of using a venturi-meter was discarded.

Gas from a pressurized cylinder entered the test section through the core
of the annular inlet section. Gas flow rate from the cylinder was controlled
by a pressure regulator and a needle valve and was measured using two Brooks
rotameters, one for high flow rates and one for low flow rates. The readings
- from the rotameters, calibrated at atmospheric pressure, were corrected for
the higher pressure that normally existed -in the gas line during the experi-
ments. This pressure was measured with a mercury mamometer permanently con-
nected to the pressure tap on the test section nearest to the inlet device
(see Fig. 7). Both the liquid and the gas inlet lines could he direrted
through ball valvco to cither tube.

The gas-liquid (gas-slurry) mixture passed through a large stopcock at
the top of the test section into a cyclone separator and was collected in a
receiving tank. The cyclone separator captured the liquid droplets entrained
in the mixture in the form of mist. The receiving tank was connected to the
atmosphere through a 20-cm-long column packed with small metal Raschig rings
as a precaution for capturing still-entrained droplets and particles. In gas-**
"liquid experiments, the receiving tank was connected to the supply tank so
that a continuous flow of o0il was maintained during the experiment. In gas-
slurry experiments, however, the pumped slurry was kept in the receiving tank
until the end of the experiment, after which it was mixed thoroughly and
returned into the supply tank. In the supply tank, the slurry was kept well
mixed with a 1/8-hp "Lightning" mixer and by frequent manual stirring.

Four pressure taps were provided on the side of the test section at inter-
vals of 61 cm. Pressure drop measurements were taken between the top two taps,
located 134 cm and 195 cm from the inlet device. Depending on the magnitude
ot the pressure drop, water or mercury differential manometers were connected
to the taps. To prevent the liquid in the test section from entering the mano-
meter tube, a 125-ml separatory funnel was located between each tap and the
manometer tube as a pressure vessel. Appropriate minor corrections were then
applied to the manometer reading, which actually measured the pressure differ-
_ence between the vessels. Such vessels were used with all manometers in the
equipment.

The volumetric fraction of the liquid (or slurry) in the test section was
measured by shutting off the liquid (or slurry) and gas inlet lines, simul-
taneously closing the stopcock on the top of the test section, and measuring
the amount of liquid (or slurry) captured in the test section. For this pur-
pose, both the gas and liquid inlet lines were equipped with solenoid valves
~ that, when actuated, would turn off the liquid pump and stop the flow of
liquid and gas into the column.

The establishment of different flow patterns and their transition from one
regime to another as a function of the liquid and gas flow rates was detected
visually. Such visual observations became more difficult in gas-slurry experi-
ments, especially at low flow rates in slug and froth flow regimes.
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B. Gas-Liquid Mixtures

Since the experiments were carried out at ambient pressure and temperature,
the liquids and gases to be used were chosen in such a way that their physical
" properties at ambient conditions resembled those of the fluids in the actual.
SYNTHOIL process at the operating conditions. The- viscosity of the circulating
SYNTHOIL product had not been measured previously at operating conditions.

Only recently have some viscosity measurements been made on SYNTHOIL liquid
between 49°C and 201°C.3% These measurements show that within this range, the
viscosity of the centrifuged SYNTHOIL product varies from about 6500 cp to
about 6 cp. No data-is available on the viscosity of the SYNTHOIL product at
450°C. Also adding uncertainty, the viscosity of the product SYNTHOIL is a
very strong function of its asphaltene content and therefore, depending on the
degree of hydrogenation and liquefaction of coal, varies considerably from one
batch to another.3® For this reason, the liquid phase used in the experiments
had to be selected in such a way that the data obtained in these experiments,
along with those existing in the literature, would cover a wide range of liquid
viscosity and hence establish the effect of liquid viscosity on the character-
istics of flow. Accordingly, two white mineral oils manufactured by Matheson,
Coleman, and Bell under the trade names of "Blandol" and "Kaydol', with viscos-
ities of 23.3 cp and 137 cp, respectively, at 25°C were used in the experiments.
. The physical properties of these oils that are relevant to their flow charac-
teristics and their dependence on temperature are shown in Table 1. The
viscosity data were obtained using an Ubbelhode capillary viscometer for the
Blandol oil and a Brookfield Synchro-Lectric viscometer for the more viscous
Kaydol oil. Surface tensions were measured with a platinum ring DuNouy sur-
face tensiometer. O0il densities were determined with hydrometers.

Table 1. Physical Properties of Mineral Oils

Type of Temperature Density ' Viscosity Surface Tension
Mineral 0il (°c) (g/ce) (cp) (dyne/cp) -
Blandol 22.5 0.843 25.8
24.8 0.842 23.5 . 29
27.0 0.840 . 21.3
Kaydol - 25.7 0.876 134.0
26.8 0.875 126.0 31

. 28.0 0.874 119.0

In the actual SYNTHOIL process, the densities of hydrogen at 450°C and
2000 or 4000 psi are 0.287 1b/ft3 and 0.574 1b/ft3 respectively. Obviously, it
is impossibler to find a gas having a comparable density at ambient conditions.
Nevertheless, study of the effect of the density of the gas phase on the flow
characteristics could provide the necessary data for extrapolation of the
results to higher densities. For this reason, experiments were carried out
using nitrogen and helium, which provided results corresponding to a sevenfold
variation in the density of the gas phase.
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: C.' Slurries

In the selection of a suitable solid particle to be used in the experi-

- ments involving the flow of gas-liquid-solid mixtures, the two most important
characteristics to consider were density and the necessity of creating a "free-
flowing" mixture. Some of the more obvious solids such as glass were quickly
ruled out because, given their density, the settling rate was impractical in
the range of the desired particle size distribution (-100 +230 mesh). A
number of copolymers of the type used for water treatment and for ion exchange
columns were tested, but even when the settling rate could be brought into an
acceptable range, these particles were not suitable because of their tenden-
cies to cling to the inside glass wall or to "clump" and thereby prevent the
mixture from being free flowing. Coal itself turned out to be the best of .the
materials tested, with its density and settling rate being relatively acceptable,
but with the obvious disadvantage that it presented certain diffienlties tn
- visual observation of flow patterns.

Pulverized Kentucky coal furnished by Pittsburgh Energy Research Center
was added to Blandol o0il for making the slurry. The size distribution of this
coal is shown in Table 2. ‘

Table 2. Size Distribution of the Pulverized
Coal Used in the Experiment

Percent Weight of Coal Particle Mesh Size
11.2 ' >80
11.7 80-100
16.7 100-200
60.4 <200

In the gas-slurry flow experiments, three different mixtures of 11.0,
20.4, and 27.1 weight percent coal in Blandol oil were used as slurries. Since
most of the particles were smaller than 177 um and their specific gravity was
approximately 1.1, the coal-Blandol oil mixture could be considered as a homo-
geneous Slurry.zu, Densities of the three slurries as measured by hydrometers
are shown in Table 3. ' ' :

Table 3. Densities o[ Slurries

" Coal (wt %) . - Temp (°C)- Density (g/cﬁ3)
‘ 0.0 27.0 0.840
11.0 30.0 0.875
20.4 27.9 0.918
27.1 29.0 0.948
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Determination of the rheological properties of slurries is essential in
the study of their flow behavior. As was discussed in the previous section,
depending on the size and concentration of the solid particles, slurries have
been reported to act like non-Newtonian liquids.25’36 A horizontal straight-
tube viscometer is a very simple device to measure the rheological properties
of 'a liquid and to determine the presence of any non-Newtonian behavior. In
this device, the pressure drop between two points along the tube is measured
as a function of the average velocity of the fluid in the tube. It can be
shown3’ that in the flow of any rheologically time-independent fluid in a
tube, the shear stress at the wall, Ty»> is related to the nominal shear rate
in the tube, y, in the following form:

U . (1)

where n', known as "the flow behavior index,'" characterizes the degree of non-

Newtonian behavior of the fluid and k' is the consistency index of the fluid.
For the straight-tube viscometer of length L and diameter D, it can be shown
that W = DAP/4L and vy = 8um/D so that Equation 1 becomes: :

. a
DAP. - ! Bup
41 k ( D ) ' (2)

where AP is the pressure drop and u, is the average velocity in the tube.
Simultaneous measurement of these two quantities in a given viscometer and a
logarithmic plot of the resulting data would yield corresponding values for
n' and k'. For n' equal to one, the fluid is Newtonian and the parameter k'
becomes equal to the viscosity of the fluid. On the other hand, for values
of n' different than unity, the fluid is non-Newtonian (for n' > 1 the fluid
is called pseudoplastic, and for n' < 1 the fluid is called dilatant). Such
measurements were carried out using a straight 0.42-cm-ID glass tube, 60 cm
long. The results obtained on the three slurries used in the experiments are
presented in the next section.

A Synco-Lectric Brookfield viscometer was also used to measure the vis-
cosity of the slurries at different angular speeds. The results of such
measurements and some of the apparent discrepancies with the results obtained
from the straight-tube viscometer also are discussed in the next section.

IV. RESULTS

A. Gas-Liquid Flow Characteristics

~The flow characteristics were measured as a function of the superficial
velocity of gas and liquid. In addition, by using two different gases, namely,
‘nitrogen and helium, two different liquids, namely, Blandol and Kaydol mineral
.0ils (see Section III.B), and two different test sections (of 0.7-cm and
1.27-cm inside diameter), the effects on flow characteristics of the density
of the gas phase, the viscosity of the liquid phase, and the diaméter of the
tube were studied. :
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1. Pressure Drop

Pressure drops were measured between the top two pressure taps on
the test section (see Fig. 7) which were 134 cm and 195 cm from the inlet
device. The experimental results corresponding to the flow of two different
gases with two different liquids (producing a combination of four different
mixtures) in two different test sections are presented in Figs. 8 to 13. 1In
these graphs, the pressure drop per unit length between the two taps has been
plotted as a function of the superficial gas velocity with the superficial
liquid velocity as a parameter. Qualitative agreement exists between the
shape of these curves and the shape of curves reported elsewhere for other
types of gas-liquid mixtures.

As is mentioned above, the pressure drop, AP, as measured in these
experiments, accounts for the total pressure loss due to the static head of
the mixture in the tube and that due to the frictional losses (we assume that
pressure loss due to accelerational effects are minimal). Arbltrary definitions
have been used to separate these components from the total pressure loss. One

such definition leads to the following equatlon'12
/ *
AP _ (Vgg Pg + Vgp, Pr\(g |, APf ' (3)
AZ Yy 8c AZ

. in which APg¢ is the pressure loss due to the irreversibilities of the flow and

The first term on the right-hand side of Equation 3 represents the pressure
loss due to the hydrostatic head of the mixture in the tube; however, this .
term does not include the effect of fractional holdup of either phase. Another
term that incorporates this effect in the hydrostatic pressure loss has also
been suggested in the 11terature,12 however, that term is not preferred because
it requires knowledge of an additional flow characteristic, namely, holdup,

“in calculating the pressure drop.

Study of Figures 8 to 13 reveals that the total pressure drop strongly
depends on the magnitudes of the liquid and gas superficial velocities. At low
values of VSL and Vgg, the total pressure drop decreases to a minimum value
with increasing gas flow velocity. This kind of behavior can be seen clearly
from some of the data for the 1.27-cm-1D column in Fig. 8 and 9, where low
values of Vg are employed. In this part of the curve, the magnitude of the
total pressure drop is dominated by the contribution from the hydrostatic
pressure loss. Since Vgp Py is much larger than Vg, Pp, the contribution from
the static head decreases with increasing values of Vge» as seen from the first
term on the right hand side of Equation 3. Also, as will be shown later, the
liquid holdup in the column decreases at increasing values of Vgg and since
the liquid phase contributes to almost all of the hydrostatic head loss, this
loss decreases at higher values of the superficial gas velocity. However, due
to the tendency of the frictional pressure drop to increase with gas velocity,
the total pressure drop passes through a minimum at some point.

*
Symbol definitions are listed at the end of this report.
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In the curves corresponding to low liquid velocities, after the
pressure drop minimum, the pressure drop rises with increasing gas velocity
until a maximum is reached. The curve then drops slightly to a second minimum
-and finally rises very steeply. In curves of higher superficial liquid veloc-
ity, this behavior becomes less pronounced. This can be seen more clearl& in
the data of Fig. 10 through 13, obtained with the 0.7-cm~ID column, whose
smaller diameter serves to create much larger values of Vg, for the same mass
flow rates. At intermediate ranges (e.g., Vgp = 20 cm/sec in Fig. 10), this
effect decreases to a point where it appears only as a minor change in the
slope of ‘the curve. At higher liquid velocities, the effect appears to be
lost altogether.

There have been many attempts to relate the occurrence of maxima and
minima in the pressure drop curves to transitions from one -flow regime to
another in the tube. Generally, these attempts have not been very successful;
the boundaries separating different flow regimes have been located in regions
other than those corresponding to maximum or minimum points in the pressure
drop curves.!? However, there is no doubt that the apparent changes in the
trend of the variation of the pressure drop in the column is due to changes in
(1) the flow mechanism and (2) the interactions between different dominant
forces. This is especially true for the last portion of the pressure drop
curve. The rapid rise of pressure drop with increasing superficial gas velocity
depicts a region where the gas is in turbulent motion and the overwhelming con-
tribution to the pressure drop comes from the irreversible component, APg, which
is proportional to the square of the velocity. In this region, large inertial
forces exerted by the gas phase tend to enforce the establishment of the upward
flow of a wavy liquid film in the column. The irregularity of the surface of
the liquid film.produced by the presence of the surface waves contributes sig-
nificantly toward increasing the irreversible component of the pressure drop
and causing a sharp increase in the total pressure drop in the column. The
change in value of the pressure drop is so pronounced that it can be used as an
indicator for the onset of film flow in the column. :

Figures 8 through 13 consistently show an increase in total pressure
drop with increasing superficial liquid velocity. The reason is that the mag-
nitude of the hydrostatic and irreversible components of the total pressure
drop depend on the liquid velocity, the former as a result of increase in liquid
holdup and the latter due to the increase of the average velocity of the mix-
ture in the tube. 4

The irreversible component of the pressure drop, APg, as defined by
Equation 3, can be calculated by using the AP data for various values of V
and Vgg. Typical results are shown in Fig. 14 in which APf per unit length of
the tube is plotted against the superficial gas velocity, with the superficial
liquid velocity as a parameter. In general, the results for other conditions
indicate that AP¢ increases with both the gas superficial’ Veloc1ty and the
liquid superficial velocity, in a manncr shown in Fig. 14. :

There have been several attempts to present the irreversible pressure
drop data in terms of dimensionless quantities and thereby obtain general cor-
‘relations that can be used for any gas-liquid mixture. 11,12 one such corre-
lation is obtained from a separated-flow model proposed by Lockhart and
Martinelli3® for the horizontal flow of gas-liquid mixtures. Tn this model,
each phase is assumed to flow independently from the other phase in two sep-
arate hypothetical channels in the tube. The cross-sectional area of the
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channel for the flow of each phase is proportional to the amount .of fhat'phase
in the tube. The frictional pressure drop in the tube can be correlated, when
expressed in terms of ¢j and ¢;, according to the following relationship:

N
7 ¢e _ ;
where A |
TBANWE
by = g “(6)
),
and
1/2
by = ).

' AP AP
In the above definitions,'(zz—) and (ZEE)G are the irreversible pressure
v L ) A

gradients for the liquid phase and gas phase, respectively, flowing as a single
phase in the tube; n is a parameter whose value deperds on the flow regime
(laminar or turbulent) that would exist in the flow of either phase alone.
Plotting of the quantity ¢ vs. ¢ according to Eq. 5 implies that both axes of
"the coordinate would contain the desired quantity APg¢ /AZ. To avoid such a sit-
uation, 1t is customary to express ¢L or ¢G as a functlon of the quantity X

where
F(APf)—_l/z
) AZ L

APf>
_AZ c

Zl

(8)

Accordingly, the data obtained on the 0.7-cm-ID tube was plotted in terms of
¢; against X, as shown in Fig. 15. The Martinelli curves,32 corresponding to
two extremc valuee of n, denoted hy ¢T and - ¢Ltt are also plotted in this

figure ‘The notation ¢Lv 1mp11es that the 31ng1e—phase flow of "either: llquld
or gas is in the laminar reglme whereas ¢L corresponds to the condition that

the single-phase flow of either liquid or gas is in the turbulent regime.
Despite a slight scatter, the agreement between the data and the Martinelli
curves 1is satisfactory. IL shlivuld be noted ‘that the Martinelli curves for
¢Lvt,and ¢Ltv (the conditions corresponding to ¢Ltv’ namely, turbulent liquid
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and laminar gas flow, are rarely considered) lie between the curves for ¢LVV
and ¢Ltt' For this reason, the scatter of the data in Fig. 15 can be explained,

partly, on the basis of conditions other than laminar-laminar or turbulent-
turbulent flow existing in the tube. However, the main reason for scatter of
the data is that the Martinelli model does not truly. reflect the flow condition
of the two-phase mixture in all possible two-phase flow regimes. 1In fact, only
annular film flow truly resembles a separated flow and thus .satisfies the con-
ditions required by the Martinelli model. Most of the data taken from the
0.7-cm-ID column corresponds either to film flow or to a type of slug flow
consisting of long gas bubbles and for this reason generally agree with the

. Martinelli curves. On the other hand, most data taken from the 1.27-cm-ID

tube correspond to regimes other than annular flow or slug flow with relatively
short gas bubbles and long liquid slugs. Therefore, generally poor agreement
between the data of the 1.27-cm-ID tube and the Martinelli curves can be ex-

" pected. In fact, such behavior was observed, as shown in Fig. 16, in which the
- data taken with the 1.27-cm-ID tube have been superimposed on the data of Fig.
15. Thus, using the Martinelli correlations for the estimation of. the pressure
drop in the tube will be acceptable only when the existence of an annular flow
(or a configuration resembling a separated flow) has been confirmed. It should
be noted that (as seen from Fig. 15) the use of these correlations can only
serve as a means of obtaining approximate values for the pressure drop. Exact
values can be obtained only when experiments are carried out under the con-
ditions under consideration (such as the types of fluids and the magnitudes of
their flow rates).

Another source of scatter in Figures 15 and 16 is the continually
changing nature of the two-phase flow. Even at great distances from the point
of entrance, the flow cannot be said to be fully developed, a situation that,
is normally overlooked in deriving correlations from separated models. In fact,
the type of inlet device used for introducing the gas and. the liquid phases
into the tube has some effect on the way the two-phase flow develops in the
tube and consequently on the pressure drop. As mentioned before, in all experi-
ments, the pressure drop .data were obtained between taps 3 and 4 (134 cm and
195 cm from the inlet device, respectively). However, to examine the depen-
dence of the pressure.gradient on the distance along the tube, a few measure-
ments were taken between taps 2 and 3 (73 cm and 134 cm from the inlet device,
respectively) in the experiments with Blandol oil and nitrogen in the 1.27-cm-
ID tube. The results indicated that generally, the pressure drops between the
higher taps were consistently larger than those obtained between the lower taps.
Although the difference was not large, 6 percent at the most, the consistency
of the data for different flow rates shows that the entrance effect is signifi-
cant.

a. Effect of the Viscosity of the Liquid Phase

The use of two types of mineral oils, Blandol and Kaydol, pro-
vided a convenient means of studying the effect of the viscosity of the liquid
phase on the pressure drop. Results (typically derived from Figures 8 through
13 for two values of approximately constant liquid flow rates) are presented
in Fig. 17 with nitrogen as the gas phase, and in Fig. 18 with helium as the
gas phase. In the experiments corresponding to the data points of Figs. 19 and
20, the viscosity of the Blandol o0il averaged 22 cp, while the viscosity of the
Kaydol oil averaged 140 cp. It can be seen clearly that the higher-viscosity
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liquid produces much larger values of pressure drop, and that this effect is
greatly enhanced with increasing liquid flow rate. The viscosity effect is
also found to be influenced by the type of the gas used. The increase in the
pressure drop when nitrogen is used as the gas phase is generally larger than
‘the corresponding increase when helium is used. It should be noted, howgyer,
that the viscosities of the two types of mineral oils vary sevenfold and that
generally the enhancement of the values of the pressure drops is comparatively
small, considering the large variation in viscosity. Therefore, one can expect
small variations of viscosity of the liquid phase to have a minimal effect on
the total pressure drop.

Part of the viscosity effect on the pressure drop can be attri-
buted to an increase in its irreversible component through the viscosity
dependence of the friction factor. In addition, as will be shown later, an
increase in liquid viscosity produces a larger volumetric holdup of the liquid
phase in the tube, thereby increasing the magnitude of the "true' hydrostatic
pressure drop as well. Similar comparisons, for values of the superficial
liquid veloc¢ities other than those presented in Fig. 17 and 18, can be extracted
easily from the general data of Figures 8 through 13.

b. Effect of Density of the Gas Phase

The use of two gases (namely, nitrogen and helium) having a
sevenfold variation in their density provided a means of studying the effect of
the density of the gas phase on the total pressure drop. This effect is shown
in Fig. 19 and 20, which include data corresponding to the use of Blandol oil
and Kaydol oil, respectively, as the liquid phase. The major difference
between the helium and nitrogen curves seems to occur at high gas. flow rates,
corresponding to the region dominated by frictional effects. It seems reason-
able to assume that the forces due to the inertia of the gas phase become

. increasingly important with a gradual increase in the gas flow rate and even-

tually become a dominant factor in establishing the characteristics of the two-
phase flow. Such a behavior obviously exists in Fig. 19 and 20, where at some
high value of the superficial gas velocity the pressure drop produced by
‘nitrogen becomes considerably larger than that produced by helium.

c. Effect of Tube Diameter

As can be seen from the general data in Figs. 8 through 13, the
smaller-diameter column tends to exhibit much larger values for pressure drop
than the larger column, for the same gas-liquid mixtures and for similar values
of gas and liquid superficial velocities. Under similar conditions, the hydro-
static pressure drop as defined by Equation 3 is independent of tube diameter.
Therefore, the larger values for total pressure drop in the smaller tube is
entirely due Lu the resulting increase in frictional effects. A comparison of
the frictional components of the pressure drop for the two columns is presented
in Fig. 21. The data points in this figure correspond to flow of nitrogen-
Blandol oil mixture at the superficial liquid velocities of 8.7 cm/sec in the
1.27-cm-ID tube and of 10 cm/sec in the 0.7-cm-ID tube. The difference in
magnitude of the irreversible pressure drops in the two tubes is more than the
amount that can be accounted for by the slight difference in the values of the
superficial liquid velocities.
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Study of Fig. 21 shows that the effect of the tube diameter on
the pressure drop is small at low gas flow rates (slug flow regime) but
increases with increasing gas velocity. No definite éxplanation could be
found for this behavior. It should be noted again that the irreversible
pressure drop, APg, as presented in Fig. 21, is just the result of the defin-
ition given by Equation 3 and does not represent the true value of the fric-
tional pressure drop. In other words, some of the effect of the "true'" hydro-
static pressure drop is still implicitly included in the APg¢ values of Fig. 21.
This effect can partly be compensated for by using the liquid holdup data in
the hydrostatic pressure drop calculations in deriving AP¢ values that repre-
sent more closely the true value of the irreversible pressure drop. However,
this procedure would not change the relative behavior of the two curves in
Fig. 21, since, as is shown below, the value of the liquid holdup in the tube
does not change with tube diameter.

2.  Holdup

As is mentioned above, the volumetric fraction of the liquid phase
in the tube was measured by closing the stopcock on top of the test section
and simultaneously shutting off the gas and liquid inlet lines by actuating
the two solenoid values (see Fig. 7). Therefore, the holdup values, calcu-
lated by measuring the volumes of liquid captured in the tube, represent a
volumetric average holdup between:-the inlet device and the top of the test
section 240 cm away. Data was obtained for four combinations of two-phase
flow resulting from two mineral oils (Blandol and Kaydol) and two gases
(nitrogen and helium) in two tubes of 0.7-cm and 1.27-cm-ID, respectively. The
data obtained under different conditions are presented in Figs. 22 through 26
as the volumetric fraction of the liquid in the tube, ar,, Vs. the superficial
gas velocity as a parameter. The results generally show that the liquid holdup,
a1,, decreases with increasing superficial gas velocity and increases with
increasing superficial liquid wvelocity.

Generalization of the holdup data is always desired, from both aca-
demic and practical points of view. A general correlation that has been recom-
mended for design purposes!? is that of Hughmark and Pressburg.31 This
correlation was shown in Fig. 5. The holdup data corresponding to different
conditions obtained in our experiments are ‘compared with this correlation in
Fig. 27. Despite some scatter, the quantity X' seems to be a relatively
suitable parameter for.correlating the general holdup data. Also, regarding
the trend of the variation of aj with X', qualitative agreement of the data
with the Hughmark-Pressburg correlation is observed. However, quantitatively,
the agreement is poor and the data consistently indicates higher holdup values
"than the Hughmark-Pressburg correlation. This kind of disagreement is not
unexpected, since the correlation was derived empirically on the basis of data
obtained in tubes approximately 740 cm long,3! while the present data was
obtained in tubes 240 cm long. Because of this developing nature of the two-
phase flow, holdup is a local value that changes along the tube. The existence
of slip between the gas and the liquid phase causes accumulation of liquid
phase near the bottom of the tube so that when steady state is réached, a pro-
file corresponding to the axial variation of the liquid holdup is established
in the tube. Because of the difficulties involved with the measurement of the
local values of holdup, the shape of such a profile, especially in the
vicinity of the inlet sectluu, Is not known. However, due to the accumulation
of liquid phase toward the bottom, it is reasonable to assume that starting
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a short distance above the inlet section, the local values of the liquid

holdup decrease along the tube. Such a qualitative picture of the variation

of local holdup in the tube can account for the discrepancy found between the
data and the Hughmark-Pressburg correlation in Fig. 27. According to this
argument, the volumetric average holdup taken on a 740-cm-long tube (corres-
ponding to Hughmark-Pressburg experiments) should be smaller than the volumetric
average holdup taken on a 240-cm-long tube (corresponding to the data obtained
.in this work). An important point for consideration in comparing different data
from different sources is the geometry of the inlet section used in the experi-
ments. As is mentioned above, the developing nature of the two-phase flow
along the tube depends on the geometry of the inlet section and the way the two
phases are brought into contact after entering the tube.

From the discussion presented above and comparison of the data with
the general correlation of Hughmark-Pressburg presented in Fig. 27, we may
conclude that the application of the correlations in the litevature to a
gpecitic case can be useful only for obtaining approximate values (within about
20 percent) for the liquid holdup. Accurate values can be obtained only if
experiments are carried out under the required sperific conditions.

¢ fa. Effect of the Viscosity of the Liquid Phase

The effert of the viecocity of the liguid pliase uon the vVolumetric
average liquid holdup is presented in Figs. 28 and 29 which contain the data
corresponding to nitrogen and helium as the gas phase, respectively. The data
in these two figures, which correspond to two different values of liquid super-
ficial velocity, have been extracted from the general data of Figs. 22 through
26. The results show that the holdup for Kaydol oil, whose viscosity averaged
140 cp for these experiments, is consistently larger than the holdup for Blandol
0il, which had an average viscosity of 22 cp. This effect seems to be the same
when either nitrogen or helium was used as the gas phase. However, considering
that there was a sevenfold variation in the liquid viscosity, the change in the
value of the holdup was comparatively small (about 20 percent change in holdup
iy observed for 700 percent change in liquid viscosity). This behavior can be
considetred as indicating that the inertial force of the gas phase is the dom-
inant factor in controlling the slip between the phases and consequently the
holdup, and that the forces related to the viscosity of the liquid phase are
less important. This can be examined more carefully by looking at the effect
of the density of the gas phase on the liquid holdup.

b. Effect of the Density of the Gas Phases

Figure 30 shows a comparison of holdup data for helium-liquid
mixtures with those for nitrogen-liquid mixtures, It is seen that, for constant
mass tlow rale, the liquid holdup produced by helium is consistently larger
than that produced by nitrogen. This is another indication that the inertial
force of the gas phase is a dominant parameter in causing holdup of the liquid
phase. 1In fact, if the inertial force of the gas phase is the most dominant
parameter, the holdup data correspondlng to different gases should be corre-
lated as a function of PG 1/2 Vggs regardless of the type of the gas. Therefore,
for the same inertial force, the superficial velocity of the helium, compared
to that of nitrogen, should be larger by a factor equal to the square root of
the ratio of the densities of the two gases. For thlS reason, a plot of af,
vs. a modified superficial gas velocity, VSG(pG/pN )1 2’ was prepared as shown
in Fig. 31. 1In this and similar plots, effects dué to the density of the
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gas phase on liquid holdup can be included in the value of the abscissa and
regardless of the type of gas, a single curve results. This approach permits
generalization of the holdup data for gases of different densities.

c. Effect of the Tube Diameter

. Comparison of the data in Figs. 22 and 23 indicates that, for
constant values of the gas superficial velocity and liquid superficial velocity,
the liquid holdup is almost independent of the tube diameter. For film flow in
the tube, when the liquid entrainment in the gas and the waviness of the film
surface are neglected, the ratio of the average film thickness to the tube
diameter is proportional to the average volumetric liquid holdup. Since the
liquid holdup is independent of the tube diameter, we can conclude that this
ratio is independent of the tube diameter too. This result can have an impor-
tant application in scaleup of the processes, allowing the holdup data taken
from a small column to be used for the design and analysis of large columns.

3. Flow Patterns

Visual observation was the only method-used to determine the type of
flow pattern established inside the tube as a function of gas and liquid flow
rate. Preliminary attempts to photograph a diagonal sheet of the flow illumi-
nated by a rotating laser beam proved unsuccessful in recording the distribution
of the phases in the tube and hence the flow pattern. Similar attempts using
flash photography did not improve the results.

There are some uncertainties involved with the use of visual obser-
vation as a basis for identification of the flow pattern. This is especially
true under conditions which correspond to transitions between flow patterns.
In fact, the recognition of a certain type of flow pattern in the tube, in the
vicinity of transition from one flow regime to another, becomes a matter of
personal judgment of the observer. For this reason, no quantitative agreement
can be expected to exist between the predictions of different investigators.

The occurrence of different flow patterns is a strong function of the
gas and the liquid flow rates. For this reason, a coordinate system utilizing
the superficial liquid velocity as the ordinate and the superficial gas vel-
vtity as the abscissa can be used to plot the conditions under which different
flow patterns will occur. Such plots are presented in Figs. 32 through 37 for
different gas-liquid mixtures flowing in tubes of two different sizes. Because
of uncertainties involved in identifying the type of flow near the transition
regions, the location of the border lines separating these regions should be
considered to be only approximately correct. For this reason, the use of
Figs. 32 through 37 for identification of the flow pattern is recommended omnly
when the gas and the liquid flow rates correspond to regions far from the
border lines. The degree of uncertainty can be seen from the scatter of data
in each graph. ’

-

a. Effect of the Viscosity of the Liquid Phase

Comparison of Fig. 34 with Fig. 36 and also Fig. 35 with Fig.
37, corresponding to flow mixtures that involve a sevenfold variation in the
liquid viscosity, indicates that the viscosity of the liquid phase has very
little effect on the location of the border lines, especially the one repre-
senting the start of annular film flow, which is of importance in the analysis .
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relevant to the SYNTHOIL process.  This is in complete agreement with Govier's
correlation (see Fig. 4) which indicates no effect of the viscosity of the
liquid phase on the flow patterns. Despite such a qualitative agreement, there
is a large quantitative disagreement between the location of the film border
line obtained in these experiments and that suggested by Govier's correlation.
The parameter Y in Govier's correlation is approximately equal to 1.18 for both
mineral oils. The parameter X in this correlation strongly depends on the type
of the gas and is equal to 1.17 or 0.61, depending on whether nitrogen or helium
is used as the gas phase. For these values of X and Y, Govier's prediction
sets the start of the film flow at superficial gas velocities much higher than
were actually found. For example, for the flow of nitrogen-Blandol oil mixture
in the 0.7-cm~ID tube at a superficial liquid velocity of 10 cm/sec, Fig. 34
predicts the start of the film flow at a superficial gas velocity equal to

260 cm/sec. On the other hand, for the same conditions, Govier's correlation
(¥Fig. 4) puts the start of the film flow at a superficial gas velocity of
approximately 1000 cm/sec. The fact that the bulk of the data in Govier's
correlation corresponds to mixtures involving less viscous liquids, namely
water, may be the reason for such a large quantitative disagreement. . Although
the scatter of data makes the exact location of the film-flow boxrder line in
Figs. 32 through 37 uncertain, it seems (especially for the helium curves) that
film flow starts at slightly lower gas velocities when the more viscous oil is
used. For this reason, despite Govier's claim, there might be a viscosity
effect that would push the film border line to high gas velocities when the
viscosity of the liquid phase changes from about 22 cp (for Blandol oil) to
approximately 1 cp (for water). Except for this speculation, the location of
the film border line in the range of variables considered in this work was
found to be insensitive to slight changes in the viscosity of the liquid phase.

b. Effect of the Density of the Gas Phase

The effect of the density of the gas phase on the flow pattern
in the tube can be deduced by comparing Fig. 32 with Fig. 33, Fig. 34 with
Fig. 35, and Fig. 36 with Fig. 37; each pair corresponds to the flow of nitro-
gen or helium with a different liquid in a differcnt tubc. The results cou=
sistently show that with increased gas density, annular film flow starts at
lower superficial gas velocities. Again, this is in qualitative agreement
with Govier's correlation which suggests that the superficial velocity of
helium at thé start of the film flow is higher than the corresponding value for
nitrogen by a factor of (ON,,/nHe)l/3e Such a cube root dependence does not

seem to be valid for the datra presented in Fige. 32 to 37. Instcad, it seews
that in some regions, the modification of the superficial gas velocity through
multiplication by the square root of the density ratio produces greatcr success
in generalizing the data and producing a single film border line for prediction
of the start of annular film flow for both gases. This may be another clue
that the inertial force of the gas phase is the dominant factor for onset of
annular two-phase flow. - '

The uncertainties involved with the location of the boundary
line inhibit verification .of the exact dependence of the flow patterns on the
gas density. However, the definite conclusion that even with highly wviscous
liquids, film flow starts earlier with a higher density gas is wvaluable infor-
mation.
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c. Effect of the Tube Diameter

Govier's correlation suggests that the type of flow established
in two-phase flow does not depend on tube diameter. A similar conclusion can
be derived by comparing the flow patterns presented in Figs. 32 and 34 and also
Figs. 33 and 35. Despite the uncertainties in mapping the flow field, no
significant dislocation of the film border line is observed in going from the
1.27-in.-1ID tube to the 0.7-in.-ID tube.

B. Gas-Liquid-Solid Flow Characteristics

The gas-slurry experiments were conducted by mixing pulverized coal parti-
cles (see Section III.C) with the Blandol oil and pumping the mixture into the
tube through the annular device in the same manner as in the two-phase flow
experiments. Three slurries of 11.0, 20.4, and 27.1 wt % coal in oil were used.
Procedures used to measure the pressure drop and holdup resulting from the flow
of gas-slurry mixtures were similar to those used in the two-phase flow experi-
ments. Determination of the flow patterns by visual observation became more
difficult because of the dark mixture produced by the flow of coal slurry in
the tube.

1. Rheological Propetties of the Slurries

The three slurries used in the experiments behaved very much like a
homogeneous liquid because the coal particles were small and their density was
not much different from the density of the Blandol oil (see Section III.C).
Rheological behavior of the slurries was determined experimentally, using a
straight-tube viscometer of diameter D and length L, and measuring the pressure
drop, AP, for different values of the average velocity of the slurry, Up, in
the viscometer. The results were plotted according to Equation 2, as shown in
Fig. 38. It is seen that a linear relationship exists between the shear stress
at the wall, DAP/4L, and 8up/D, which represents a nominal shear rate in the
tube. In addition, it is seen that the straight lines through the data points
for each slurry pass through the origin, indicating the absence of any yield
stress. This indicates that for slurries containing up to 27.1 wt % coal in
the mineral oil, the exponent n' in Equation 1 or Equation 2 is equal to one
and the slurry can be considered to be a Newtonian liquid. Apparently, as seen
from the difference in the slopes of the lines in Fig. 38, increasing the coal
concentration simply increases the viscosity of the slurry without affecting
its Newtonian behavior. The slight scatter in the data of Fig. 38 is due to
small variations of the temperature during the measurements. The viscosities
of the slurries as determined from the slopes of the corresponding lines ‘in
Fig. 38 are given in Table 4. '

A variable-speed Syncho-Lectric Brookfield viscometer was also used
to detect the existence of any non-Newtonian behavior in the slurry. The value
of the viscometer dial reading (proportional to viscosity) was found to decrease
with increasing speed of rotation.of the bob, indicating a dependence of the
viscosity on the rate of shear, which is characteristic of non-Newtonian be-
havior. The disagreement between the results obtained from the straight-tube
viscometer and those found with the Brookfield viscometer can be explained on
the basis of the difference in ranges of measurement for the two devices. The
rate of shear produced by the rotating bob of the viscometer was calculated to
be less than 90 sec™! for the highest speed of rotation, 37 whereas, as can be
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Table 4. Viscosities of Slurries

Temperature Slurry Viscosity
(°c) (wt % coal in Blandol oil) (cp)
28.5 0.0 19.9
29.4 11.0 24.1
28.4 20.4 32.6
28.0 27.1 38.5

seen from Fig. 38, the rate of shear in the straight-tube viscometer was
génerally one order of magnitude larger. For this reason, one can speculate
that the slurries may possess a slight non-Newtonian behavior in the regions
of low shear rates near the origin (Fig. 38). However, because of the high
shear rates normally involved in the flow of two-phase mixtures, the exlstence
of such a small region can be overlooked and the slurry can be considered a
Newtonian liquid for all practical purposes. Similar viscometric experiments
have indicated that slurries containing glass spheres of about 50 pm and solid
concentrations up to 55 wt % exhibit no non-Newtonian behavior. 38

Since the coal slurry behaves like a homogeneous Newtonian liquid,
the flow characteristics of gas-slurry mixtures can be obtained from the results
for gas-liquid flow (with a liquid having physical properties similar to those
of the slurry). For this reason, the extensive amount of information presented
earlier on the flow characteristics of gas-mineral oil mixture should apply
directly to the flow of gas-mineral oil-coal mixtures. This applicability was
tested by comparing the pressure drop and holdup data corresponding to the flow
of gas-slurry mixtures to those of the gas-mineral oil mixtures.

2. Pressure Drop

Since the coal slurries act like homogeneous Newtonian liquids, one
can anticipate that the total pressure drop resulting from the upflow of gas-
slurry mixtures would be identical to that obtained for the gas-—mineral oil
mixture at equivalent conditions. In fact, such a behavior was observed, as
shown in Fig. 39. The pressure drop curves for the gas-slurry mixtures con-
taining 11 wt % coal behave exactly like the curves corresponding to gas-
Blandol oil mixtures. For the sake of comparison, data for pressure drop
" resulting from the flow of nitrogen-Blandol oil mixtures at a superficial
liquid velocity of 10 cm/sec are shown in this figure too. Comparison of Fig.
39 with Fig. 10 reveals that the use of 11 percent coal slurry yields the same
pressure drop as that resulting from the use of the plain oil.

The viscosity of the 11 percent slurry differs only slightly from the.
viscosity of Blandol oil. To be exact, for the data in Fig. 39, conditions
were such that the plain oil and the 11 percent slurry had viscosities equal to
22 and 24 cp, respectively. Pressure drop values are almost insensitive to such
a small variation in viscosity (see Section IV.A). The viscosity of the slurry
increases rapidly with coal concentration. Therefore, since the pressure drop
‘is not totally independent of the viscosity of the liquid (or slurry) phase,
one should anticipate that higher pressure drops would result for more concen-
trated slurries. Such behavior, which is consistent with the discussion
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presented earlier on the effect of viscosity on pressure drop, is shown in
Figs. 40 and 41 for slurries of three different concentratlons. ‘The corres-
ponding. viscosities are given in Table 4. -

The scatter of data for gas-slurry experiments is generally larger
than for gas-liquid mixtures. This is traceable to difficulties involved with
* control of . the slurry flow rate using the straight-tube viscometer (see Section
I1I1.C), settling of the coal in the slurry in the reservoir, or even clogging
of the pressure taps on the column by coal particles. Special precautions were
taken to eliminate these problems insofar as possible. - '

3. Holdup

Holdup data for three different slurries at conmstant superficial
liquid velocities are presented in Fig. 42. The holdup data for Blandol oil
at the same superficial liquid velocity (reproduced from Fig. 23) is also
-shown in Fig. 42 for comparison. Despite the scatter of the data, the general
" behavior of the holdup curves agrees with the results presented for flow of
gas-liquid ‘mixtures. Except for a few data points, the results generally show
that more concentrated slurries produce larger holdups in the column. Since
“holdup is not overly sensitive to slight variations in viscosity, this increase-
in holdup can not be attributed entirely to the increase in viscosity at higher
coal concentrations. However, increase might also be due to the additional
slip between the coal particles and the liquid phase.

4. Flow Patterns

Flow of the coal slurry produced a dark mixture inside the tube,
maklng visual observation for the identification of the flow pattern imprac-—
tical. For this reasor, the location of the boundary lines separating different
flow regimes in gas-slurry flow could not be identified directly. However, the
slurry behaves like a homogeneous Newtonian liquid and the results presented
earlier on the flow patterns established for the flow of gas-Blandol oil mix-
tures can be used for the prediction of flow patterns in the gas-slurry mixtures
as well. The only relevant physical property of the slurry that differs from
that of the Blandol oil is viscosity which (as shown earlier) does not affect
- the locations of the boundary lines significantly.
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V. SUMMARY AND CONCLUSIONS

In an experimental research program, done as a support study for the
development of the SYNTHOIL and other coal liquefaction processes, data were
obtained on pressure drop, liquid (slurry) holdup, and flow patterns resulting
from the upward flow of gas-liquid and gas-slurry mixtures in cylindrical tubes.

The first part of the program was devoted to study of the flow character-
istics of two-phase gas-liquid systems. This was done for two reasons: (1)
to test the applicability of the existing correlations at conditions of high
liquid viscosity and high gas density that exist in the tubular heater of the
SYNTHOIL process and (2) to use the gas-liquid flow data as a frame of refer-
ence for comparison with the results obtained in three-phase gas-slurry experi-
ments. The use of gas—-liquid mixtures consisting of nitrogen or helium and
each of two types of mineral oils of different viscosities provided data
showing the effect on flow characteristics of sevenfold variation in the den-
sity of the gas phase and sevenfold variation in the viscosity of the liquid
phase. In addition, using two tubes of different diameters in the experiments
provided a means of evaluating the effects of varying the tube diameter on the
flow characteristics.

In the second part of this research program, the flow characteristics of
gas—-slurry mixtures were investigated. Three slurries with different coal
concentrations of up to 27.1 wt % were employed. The experimental procedure
used for gas-liquid systems was repeated in the gas-slurry experiments. Data
on pressure drop and slurry holdup were collected and were compared with those
. obtained with gas-liquid mixtures.

The following conclusions pertain to the flow behavior of the gas-liquid
and gas-slurry mixtures used in these experiments:

1. The total pressure drop in the tube increases with liquid flow rate
and, except for regions of low liquid and gas superficial velocities, it
increases with gas flow rate too. This behavior is in agreement with the

observations of other investigators. '

2. 1If the frictional component of the pressure drop, APf, is calculated
as defined in Equation 3, this pressnre drop can be correlated using the
Martinelli parameters. Such correlation is satisfactory only in the regions
corresponding to annular film flow or the kind of slug flow in which the length
of the gas slug is considerably longer than the -length of the liquid slug, so
that the assumption concerning the existence of a separated flow model becomes
valid.. In these regions, the Martinelli correlations can estimate the fric-
tional component of the pressure drop with 20 to 30 percent error.

3. Total pressure drop increases with viscosity of the liquid phase.
However, this increage is small if only slight variations in viscosity are
considered. The viscosity dependence of the pressure drop is also a function
of the liquid flow rate, the type of the gas, and (to a smaller extent) the
gas flow rate. ‘ ‘ :

4. The density of the gas phase has a large effect on the total pressure
drop only at large values of the superficial gas velocity corresponding to the
film flow regime. The inertial force of the gas phase becomes increasingly
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important with gradual increase in the gas flow rate and eventually dominates
the ‘establishment of the characteristics of the two-phase flow.

5. Tubes with smaller diameters produce larger pressure drops. This
~ effect is small at low gas flow rates but increases as gas flow rate is
increased.

6. The liquid holdup in the column decreases with increasing gas flow
rate but increases with increasing liquid flow rate. This behavior is in agree-
- mént with observations of other investigators.

7. Generalization of the data obtained under different conditions can be
done satisfactorily using the Hughmark-Pressburg parameter. However, quanti-
tative agreement of the holdup data with the Hughmark-Pressburg correlation is
poor and the bulk of the data corresponds to higher values of liquid holdup.
The developing nature of two-phase flow along the length of the column makes a
property like holdup a function of the length of the tube. Greater liquid
‘holdups are obta@ned in shorter columns.

_ - 8. Generally, holdup increases with the viscosity of the liquid phase.
However, as in the case of pressure drop, the change in holdup is negligible:
when the viscosity of the liquid phase is varied only slightly.

9. For lower densities of the gas phase, larger values of liquid holdup
are obtained. This behavior can be interpreted by considering the inertial
forces of the gas phase a dominant factor in controlling the slip between the
phases and, consequently, the holdup. - On this basis, the holdup data for dif-
ferent gases can be correlated using a modified superficial gas velocity that
includes the square root of the ratio of the densities of the two gases.

10. The liquid holdup does not seem to be a function of tube diameter.
This means that in film flow regions, if entrainment in the gas phase and the
wavy surface of the liquid film are ignored, the ratio of the film thickness
to the tube diameter is not a function of tube diameter.

11. The flow patterns resulting from the flow of gas-liquid mixtures used
in these experiments generally follow the same sequence reported in the lit-
erature (slug, froth and annular flow). Quantitatively, however, the results
do not agree with Govier's correlation--especially for prediction of the occur-
rence of film flow. TFor flow of the two-phase mixtures used in these experi-
ments, film flow starts at much lower values of the superficial gas velocity.

12. Within the range of liquid viscosities employed in these experiments
(22-140 cp), the liquid viscosity does not seem to have a large effect on the
location of the film flow border line. This is in agreement with Govier's
prediction that establishment of the flow patterns is independent of the vis-
cosity of the liquid phase.

13. The density of the gas phase has a pronounced effect on the location
of the boundary separating regions of different flow patterns. A gas with a
higher density produces film flow at considerably lower values of superficial
gas velocity. By considering the inertial force of the gas phase as the dom-
inant factor in producing film flow, one may conclude that the location of the
film boundary changes with the square root of the ratio of the densities of
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the gases. 'Such an effect is found to.be approximately valid on the basis of
data obtained in this work. Govier's suggestion, that the location of the
boundary depends on the cube root of the ratio of the densities, does not seem
to work as well.

14. 1In agreement with Govier's correlation; the tube diameter does not
seem to affect the flow velocities required for the onset of the film flow
pattern.

15. Within the slurry concentration range (0-27.1 wt Z) and for the size
of the coal particles used, the coal slurry behaves like a single-phase homo-
geneous Newtonian liquid. However, the viscosity of the slurry changes with
coal concentration. For this reason, if the effect of viscosity on the flow
characteristics is accounted for, the results obtained in.the two-phase flow
experiments are equally applicable to the flow of gas-slurry mixtures. Experi-
mental data obtained with gas-slurry mixtures justify this conclusion. Due to
additional slip between the coal particles and the liquid phase, the holdup-
‘values in gas-slurry experiments are found to be slightly larger than. the
corresponding values for gas-liquid systems.

NOMENCLATURE
D Diameter of the tube viscometer, cm
g Acceleration of gravity, 981 cm/sec?
= Unit conversion constant
GM Two-phase mass flow rate entering the tube = VSL PL + VSG‘pG’

g/cm? sec

k Consistency index of the fluid, defined by Eq. 1

L Length of the tube viscomefer, cm

n . A quéntity uéed in the Lockhart-Martinelli correlation as defined by

Eq. 5

n' Flow behavior index of the fluid, defined by Eq. 1

P Pressure, dyne/cm?
AP‘ Pressure drop,~dyne/cﬁ12

AP¢ ‘Irreversible component of the pressure dfop, dyné/cm2
un Average velocity in the tube viscométer, cm/sec

Vy Mixture velocity in the tube = Vg, + Vg, cm/sec

Vsg Superficial gas velocity, cm/sec or ft/sec

Vs1, Superficial liquid velocity, cm/sec or ft/sec
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X Lockhart-Martinelli parameter as defined by Eq. 8; also, the paré—
meter used in ‘Govier's correlation for flow pattern prediction

()
Pa :

,Hughmark—Prgssbufg correlation paramefer (see;Fig. 5)
' | (PLOouA\L/4
Y Pgrameter.qsed in Govier's flow pattern correlation = <;wg :)
Z Distance along the test section, cm
ap _Average volumetric holdup of the liquid (slurry) in the tube,
dimensionless
Yy Sﬁear rate in the tube, reciprocal second
Mg <Viscosity of the gas, cp
‘up . ©  Viscosity of the liquid, cp
Pa Density ot air at standard.atmospheric'conditions, g/cm3
DG' . Density of the gas phase, g/cm?
oL ‘ Density of the liquid -phase, g/cm3
,Dw Density of Qater, g/cm3
\0 S Liquid—gas interfacial tension, &yne/cm
YA Warer-air interfacial tcﬁsion, dyie /e
W Shear rate at the tube wall, dyne/cm
bc Lockhart-Martinelli parameter, defined by Eq. 7
.¢L Lockhart-Martinelli parameter, defined by LEq. 6
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