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A glass direct contact heat exchange column w a s  operated in the 
laboratory. The column was operated at atmospheric pressure using 
hot water and normal hexane. Column internal6 tested included an 
empty column, sieve t rays ,  disk-and-doughnut trays, and two types of 
packing. Operation w a s  very smooth in all cases and the minimum 
temperature approaches varied from less  than 1°C for packing to 13°C 
for the empty column, High heat transfer rates were obtained in all 
cases, however, columns should be sized on the basis of liquid and 
vapor traffic . 
The solubilities of hydroca ons were determined for normal hexane, 
pentane and butane in water and sodium chloride and calcium chloride 
brines at various temperatures, The values seem to be internally con- 

exchange column. Although the gas volumes required are small, strip- 

cost and operating cost were estimated. These costs were combined 

is described that d be suitable for continuing 



a significant source for meeting our future energy needs. At the pres- 
ent time there a r e  only a few geothermal power plants in operation; in 
the United States, The Geysers field is the only location of commercial 
importance. The Geysers field is a vapor dominated reservoir, produc- 

la rger  source of geothermal energy, 
these resources h a s  not been develop Liquid dominated reservoirs 
are a major source of geothermal energy and technology is available . 

the technology for utilizing 

tal cost for the plant is probably lowest of the three, but brine usage for 
unit of power produced tends to be high. The binary process appears to 
be more efficient, but depends on the use of shell and tube heat exchang- 
ers for transferring heat f rom the brine to the working fluid. The use 
of such exchangers is impractical for brines with heavy scaling char- 
acteristics, and in any event the cost of the exchangers is a large part 



TASKS AND METHOD O F  APPROACH w 
The work reported here is a preliminary investigation of some of the 
technical and economic aspects of the direct contact process, and was 
undertaken in order to evaluate the commercial potential of the process. 
The work consisted of laboratory tests, a conceptual design, a 50 MWe 
plant design, an economic study, and a pilot plant program. 

he laboratory tests were made to obtain enough information to  develop 
a realistic preliminary plant design, A glass direct contact heat ex- 
change column w a s  designed, constructed, and operated to get informa- 
tion on general performance characteristics, t r ay  efficiencies, sizing 
correlations, and temperature approaches. A hot water-normal hexane 
system w a s  used to permit operation in a glass column at atmospheric 
pressure. The physical characteristics of this system a r e  close to 
those proposed for the commercial plant so the answers obtained a r e  
applicable to the commercial system. Hydrocarbon stripping tests 
were made using a glass column and nitrogen as stripping gas in order 
to  establish the feasibility of recovering hydrocarbon from spent hot 
water. The tests showed that more work is needed in this area but that 
hydrocarbon stripping is feasible. 
determine the effect of temperature, and brine composition on the solu- 
bility of three hydrocarbons. 

Solubility tests were conducted to 

This information w a s  needed to evaluate 
the impact of hydrocarbon losses on the c t of power. production. 

A computer program w a s  developed to aid in the evaluation of various 
possible direct contact thermodynamic cycles. 
variables on power production w a s  evaluated; including the effect of 
brine inlet temperature, operating pressure, condensing temperature 
and choice of working fluid. After a general investigation, an optimum 
cycle w a s  found for  a specific site, the Heber field. The Heber field, 

The effect of operating 

a, was chosen as 

de on the prevention 
oncondensable gases, 

The studies and the elimination of particulates in expander inlet gas, 
were used to establish practical solutions to thes 

p a preliminary 
The plant w a s  sized for 50MWe design for a 50 MWe (delivered) plant. 

established 



this as an economic size. An estimated capital cost was developed for 
the 50 MWe plant, for use in the economic study. 

The economic study made use of a considerable body of information 
developed as part of a project done for the Electric Power Research 
Institute by Holt/Procon, a joint venture of The Ben Holt Co. and 
Procon Incorporated. his information included plant and operating 
costs for  a closed loo inary and a two-stage flashed steam process 
as well as costs for brine production and power transmission. The 
same methods and factors were used for the direct contact process. 
T 
cesses on a consistent basis. 

it possible to obtain a comparison among the three pro- 
The relative values obtained should be 



CONCLUSIONS AND RECOMMENDATIONS b, 

The laboratory work d design studies show that the use of the direct 
contact heat exchange process in the production of electric power is 
technically feasible. Preliminary cost estimates indicate that the direct 
contact process is competitive with other geothermal processes and with 
the production of power from petroleum based fuels. Where brine scal- 
ing is not a problem, the binary process appears to be the best choice 
for  use with medium or low temperature brines. 
process is competitive with, and m a y  be superior to, the steam flash 
process for medium and low temperature scaling brines. 

Some of the technical points established by the study are: 

1. 

. 

The direct contact 

Operation of the laboratory direct contact heat exchanger w a s  
smooth trouble free. 

Existing correlations used for commercial design of distillation 
columns a r e  satisfactory for sizing direc contact heat exchange 
columns . 

2. 

3. Stage efficiencies for multistag direct contact heat exchange 
devices can be determined in laboratory o r  pilot plant equipment. 

Direct contact heat exchanger size is primarily set by require- 
ments for vapor and liquid traffic, not by volumetric heat transfer 

bj 

4. 

g devices can be used for the direct con- 

6 caling characteristic s. 

temperature: there is an optimum choice of hydrocarbon working 

with the workin 



9. Satisfactory scrubbers are available for removing particulates 
from working fluid vapor. 

10. G a s  stripping can be used to remove hydrocarbons from spent 
brine, if necessary for economic or environmental reasons. 

The technical points still needing resolution a r e  in general those asso- 
ciated with working with a a1 geothermal brines. These points 
include: 

1. Scale formation. 
deposited, assuming it forms at all. 

Foaming in the direct contact column. It has been suggested that 
foaming m a y  be a problem, but no information is available. 

Where does the scale form and where is it 

2. 

3. Hydrocarbon solubility in geothermal brines. The laboratory data 
show that salt content depresses solubility, but tests on brines 
under field conditions a r e  needed. Most available hydrocarbon 
solubility data are for water and for three-phase conditions. The 
location of interest is the bottom of the contactor, where two- 
phase conditions prevail. There is also a distinct possibility that 
solubility rate may be important, and there is very little informa- 
tion on this subject. 

process, we strongly recommend that pilot scale tests be conducted 
in  the field on actual geothermal brines. 



LABORATORY TESTS b/ 

DUEECT CONTACT HEAT EX ANGE COLUMN 

Equipment 

The general layout of the direct contact heat exchange equipment is 
shown in the photographs of Figure 1 and the sketch of Figure 2. An 
insulated 50-gallon drum, provided with a 5 kw electric immersion 
heater, is  used to supply hot water to the system. Hot water flows by 
gravity through a metering valve and rotometer to the top of the glass 
heat exchange column. Except for a .very small amount of water vapor- 
ized into the overhead vapor stream, the water flows out of the bottom 
of the column, through plastic tubing and drains into a bucket. 
elevation of the tubing outlet is adjusted to maintain the desired liquid 
level in the column. A pump is used to recycle the drained water to 
the supply drum. 

Normal hexane is provided to the system from a gas tight supply drum. 
The drum is filled with enough hexane for one or  more runs and is pres- 
sured with nitrogen to avoid the use of a pump or of an elevated drum. 
Hexane flows to the bottom of the column through a metering valve and 
a rotometer and enters the column through a section of 1/4-inch copper 
tubing. The end of the copper tubing is closed and hexane flows into 
the column through a single 1/16-inch diameter hole located a t  the axis 
of the column. L5quid hexane enters the bottom of the column, flows 
upward because of density difference, is vaporized and leaves the top 
of the column as a vapor along with some vaporized water. The vapor 
is condensed by passing it through a ser ies  of double pipe, water-cooled, 

sers into a 5-gallon drum. 

The 

e used at all locations. 



plastic Pall rings. Photographs of several of the column internals used 
are shown in Figure 3. During most of the runs the column was insu- 
lated with 25 mm (one-inch) thick rigid polyurethane pipe insulation. 

The various column internals used in the tests were assigned code num- 
bers  as a means of identification. The first digit is the length of column 
in feet, the next digit is number of trays, and the letters a r e  packing or  
tray modification identifiers. The code numbers and corresponding des- 

I 

e as follows: 

1-4. A one-foot column section with 4 sieve trays,  spaced 102 mm (4 
inches) apart. Spacing is maintained by 3 metal rods passing through 
the trays. Figure 4 is a sketch of the top tray. As shown, the tray to 
column seal is accomplished by means of a rubber tubing "0" ring. The 
holes a r e  flared to provide jet  nozzle outlets for the hydrocarbon phase. 
Downcomers consist of 25 mm (one-inch) sections of 8 mm (5/16-inch) 
I.D. b rass  tubing. 

- 

Tray No. Hole Diameter Number of Holes 



- 4-3. 
(12 -inch) center s . A 4-foot column section with 3 sieve trays, spaced on 305 mm 

Tray No. Hole Diameter Number of HoLes 

1 4.8 (3/16 inch) 20 

2 4.8 mm (3/lb inch) 12 

3.2 mm (1 /8 inch) 10 

holes in tray number one is 

internals . 
(16-inch) layer of 6.4 

mm (1 /4-inch) Intalox ceramic saddles supported on a 3.2 mm (1 /8- 
- 

r e  cloth inverted con 

4-foot colwnn section wi - 6 sieve trays , spaced on 152 mm 
(64nch) centers. Downcomer area for these trays is increased to 
.000445 square meters (.00479 square feet), mer a tenfold increase. 
Downcomer length is increased to 1 
sketch of the modified trays. 



'h, Tray No. Hole Diameter Number of Holes 

1-5 5.6 mm (?/32 inch) 19 

6 5.6 rnm (?/32 inch) 9 
. .  

4-?A. Same as 4-6 with added 19-hole tray. 

A 4-foot column section with a 940 mm (37-inch) layer of 15.9 
/8-inch) polypropylene Pall rings. The rings a r e  retained in the 

column by a 3.2 mm (1 /8-inch) hardware cloth disk. No bottom support 
is used, the rings being allowed to f i l l  the space around the hexane inlet 
tube . 
4-7B . 
to  a height of 25 mm (one inch) a b w e  the trays. 

4-7C. 
umn with a more uniform diameter is used. 

4-8D/D. 
spaced on 127 mm (5  
threaded rods a r e  us 
trays . 
Experimental Data 

The results from operation of the various c urnn arrangements for the 
heat exchanger at widely varying conditions a r e  given chronologically in 
Table 1 and summarized in Table 2. 
packing system and flow conditions were a consequence of the attempt to 
find the maximum practical flow conditions and efficiency for the size and 
complexity of equi 
w a s  increased and 
to permit determination of maximum practic 
allowed by the size of the column 

In Table 1 the identificati 
rates, pertinent equilibrium temperatures and heat balances a r e  given. 

Configuration 4-?A modified by extending a section of downcomer 

Same a s  4-7B except that tray alignment is improved and a col- 

A 4-foot column section with 8 disk-and-doughnut trays (4 each), 
ch) centers . Four 4 . 8 mm (3 / 16 -inch) diameter 
to support the trays. Figure 6 is a sketch of the u 

The changes of the various tray/ 

n t  used. For example, the size of downcomers 
hole area was increased in tests with sieve trays 

pieces of data provides one of the 
given system of operation. 



U Graphical representation of equilibrium and operating temperature/ 
enthalpy relationships was used to assess plate efficiency and tempera-. 
ture approach. For illustration, equilibrium and operating temperature/ 
enthalpy relationships a re  given in Figure 7 wherein the temperature is 
plotted against enthalpy expressed as Btu per pound of hexane. The 
equilibrium curve consists of three parts, First, there is a nominal 
straight line portion for the liquid hexane as it i s  heated to the bubble . 
point temperature. It will be noted that this temperature i s  lower than 
that for pure hexane because of the contribution of the water vapor to the 
total pressure. The bubble point wil l  vary with the equivalent head of 
water in the column above the point where the temperature is high enough 
to cause bubble formation. The second part i s  a horizontal straight line 
representing a constant boiling mixture; The third part  represents the 
increasing ratio of water vapor to hexane where liquid hexane is no longer 
present. A straight line connecting the inlet and outlet water tempera- 
tures is the water line. 
for water transferred to the vapor phase, but th correction is small and 
has been neglected. 
mate the number of equilibrium plates, and tray efficiency is the ratio of 
theoretical to actual trays The measure of temperature approach is 
shown at the point of minimum distance between the water and hydrocarbon 

The line should actually be curved to account 

The theoretical tray steps shown a r e  used to esti- 

curves . 
Discussion 

Operating Characteristics - The column operated very smoothly. Liquid 
hexane entered the bottom of the column as a series of drops roughly 3 
mm in diameter . After rising a short distance, a lens of vapor formed, 
attached to the drop. As the drop continued to rise through the column 
additional vapor was formed, with a rapid increase in volume. Near the 
top of the column the vapor bubbles were broken up and the vapor and 
water formed a violently agitated mixture. Clean separation was obtained 
between vapor and liquid a t  the top of the column, and no visible drops of 
hydrocarbon were entrained in the water leaving the bottom of the column. 
The mixture in the uppe 

The column was very r 
ing at  steady state and with a higher than minimum water rate, reducing 
the water rate reduced the exit water temperature. When the minimum 
water rate was reached, further red s resulted ina  buildup of a hydro- 
carbon layer in the top of the colu e correlation between column 
behavior and a graphical represe 

Theoretical Stages - In a heat ex 
of heat is transferred when the 

w 

. 

ection of the column showed no tendency to foam. 

sive to feed rates. If the column was operat- 

aximum amount 



Simple bulk mixing is often a very effective way of achieving high heat 
transfer rates , but the maximum theoretical amount of heat transferred 
is limited by the requirement that the exit streams leave at the same 
temperature. Performance equivalent to simple countercurrent flow can 
be achieved with the use of equilibrium stages, o r  theoretical trays, 
where the streams flow countercurrent between stages. The minimum 
number of theoretical stages required will depend on the driving force, 
that is te'mperature difference, available for heat transfer. 
of stages can be conveniently determined by a graphical method such a s  
shown in Figure 7. The ratio of theoretical to actual trays can be used 
as a measure of tray efficiency. 
fer operation, the number of actual trays required for a given separation 
in commercial sized equipment has been found to be the same o r  less 
than for laboratory equipment. (l)  The same should apply to the use of 

This number 

For distillation, a mass and heat trans- 

staged equipment for heat transfer . 
When dealing with packed columns the concept of packed height equivalent 
to a theoretical stage can be used. An alternative approach, leading to 
the same overall result, i s  to integrate differential driving force as a 
function of heat transferred to arrive at  the "number of transfer units" 
required. The height equivalent to a transfer unit is then determined 
from experimental data . 
Spray columns, such as the Elgin column, a re  not amenable to similar 
treatment because of the major effect of back mixing in such columns. 
The amount of back mixing, and thus the approach to countercurrent per- 
formance, is strongly affected by column diameter and other variables 
and is difficult to predict. (2 )(3 1 

Sizing Correlations - The maximum throughput for a given column appears 
to be limited by the vapor and liquid traffic at the top of the column. 
Flooding rates obtained ~5th the laboratory sieve trays match those that 
a re  predicted by the use of Fair's flooding limit correlation. (4) Conven- 
tional sizing correlations used by the manufacturers of column internals 
can therefore be used with confidence. 

The number and size of holes for the sieve trays used in the liquid/liquid 
section of the laboratory column were determined by applying conven- 
tional correlations such as those found in Chemical Engineers' Handbook. 
The hole area so determined appears to be roughly half of that actually 
required. The reason for the discrepancy.is not known, but may be 



Volumetric Heat Transfer Coefficient - Volumetric heat transfer coeffi- 
cients determined from laboratory data varied from 20 , 4 watts /m3 "C 
(1,370 Btu/hr f t 3 O F )  for disk-and-doughnut trays to 189 . 6 watts /rns0C 
(12,700 Btu/hr ft3 O F )  for Intalox packing. Although the coefficients are 
of interest for purposes of comparison, they a re  not particularly useful. 
for design. 
requirements for handling vapor and liquid traffic. Again, supplying the 
required heat transfer volume is not sufficient. Stages or actual counter- 
current flow must be provided to achieve maximum heat transfer. 

Operation with G 
very useful but cannot be expected to yield answers to a l l  the questions 
that will  arise with the use of actual geothermal brines in the field; in  
particular, the questions .of possible foaming of brine-hydrocarbon vapor 
mixtures and the amount, character and location of possible scale forma- 
tion. 

HYDROCARBON SOLUBILITY 

The size of equipment will be primarily established by the 

thermal Brines - The laboratory operations have been 

exane , normal pentane, and normal butane in 
water and brine solutions was determined a s  a function of temperature, 
A rocking autoclave (750 ml volume) was used to contain and agitate the 
water or brine, hydrocarbon liquid, and corresponding vapor phase A 
3 x 3 orthogonal square experimental design was used to explore the 
effect of temperature, sodium chloride concentration and calcium chlo- 
ride concentration on the solubility of hexane in water and brines. Sodium 
chloride and calcium chloride were chosen for the study since they a r e  
common constituents of geothermal brines. The temperatures were 27 "C 
(80°F), 88°C (190°F) and 177°C (350°F); salt concentrations were 0, 7 
and 14% weight sodium chloride and 0, 4 and 8% weight calcium chloride. 

' 

were modifie'd during the course of the study, 

e into open containers , 
discarding a volume sufficient to purge sampling lines, Air pressure was 
used to displace samples from the low temperature runs where the equi- 
librium pressure was below atmospheric. Later, samples were taken by 
bubbling them into a volume of Freon TF (Freon 113) solvent. The final 

lass sample bombs. The 
s appear to be slightly 
ce is not large. 



The analytical procedure is a s  follows. A measured volume of aqueous 
sample is acidified with sulfuric acid and extracted with 3 portions of 
Freon T F  solvent. The extracted volume is adjusted to a standard vol- 
ume by the addition of solvent and the solution is dried using anhydrous 
sodium sulfate. 
with a Wilks Miran I Fixed Filter Analyzer (3.4 microns) and the hydro- 
carbon concentration is determined by comparison to calibration curves 
based on standard solutions. 

The infrared absorption of the solution is determined 

It was necessary to make repeated runs in order to achieve reasonably 
accurate values for each of the experimental design points. Since 74 
runs were made with hexane, the nurnber of runs made with pentane and 
butane were limited by available time. 
in Tables 3, 4 and 5 and in Figure 8 .  
hexane data, and shown in the curves of Figure 8, is: 

The test  results are summarized 
The equation developed to f i t  the 

-5 2 In (ppmv) = 5.345 - 1.488 x 10”t t 4.313 x 10 

In (1 - 9.174 x l o m 5  St) 

t t 

No difference was found between the behavior of sodium chloride and cal- 
cium chloride when concentration was expressed a s  equivalent chloride 
ion concentration. Since the molecular weight of sodium chloride is 58 ,  
that of calcium’chloride is 111, and there a r e  two mols of chloride per 

onversion factor for calcium chloride is 
us for sodium chloride and calcium chloride 
ercent can be used directly. 

shown by dashed lines in Figure 8 a r e  
from Figure 9A2.1 of the A P I  Technical Data Book. ( 5 )  The values fqom 
our laboratory tests a r e  considerably lower; and no satissactory explana- 
tion for the difference has been found. The equation fits the data for hex- 
ane with an average difference of 15% of the calculated value (standard 
deviation 16%). As expected, salt depresses the solubility of hydrocarbon 
in  water. The effect seems to be dependent on both salt concentration and 
temperature. Pentane is more soluble than hexane and butane is more 
soluble than pentane, which is in agreement with available data from the 
literature. The single point for the solubility of pentane in brine shows a 

f expressed as a percent 
of the value for pure 



u HYDROCARBON STRIPP~CNG 

.- 
With the exception of a few runs, the stripping tests employed a 610 mm 
(2-foot) section of 70 mm I.D. (2.75-inch) glass column similar to that 
used for the heat exchange column. The column was packed with 610 mm 

(5/8-inch) polypropylene Pall rings. Nitrogen stripping 
to the bottom of the stripping column through a rotameter. 

Overhead gas was passed through a dry ice/acetone cold trap to collect 
stripped hexane and water vapor, which were measured volumetrically 
Stripper feed was provided by operating the direct contact heat exchange 
column and passing the exchange column bottoms to the top of the stripper 
by gravity flow. Liquid level in the stripper was maintained by adjusting 
the height of the stripped water product flow outlet. Sample points were 
provided for both stripper feed and stripped product. 

A few runs were made using a 10 plate, 50 mm I.D. (2-inch) glass Older- 
shaw (sieve tray) column as the stripper. It was difficult to achieve 
smoother operation with this column because of the low nitrogen to water 
operating ratio. 

Discussion 

The results of the stripping tests a r e  summarized in Table 6. Hexane 
balances given in the table show that on the average the hexane stripped 
plus hexane in stripped product equal the hexane in the feed. Individual 
runs, however , show wide variations in loss or gain. This is believed 
to be the result of the inclusion of more or less entrained hexane in the 
feed sample; 

The concentr 

.- 

ppears to be a functiofi of sampling rate. 

e in the stripper feed is greater than would be 
sis of solubility alone. Table 7 and Figure 9 show the 

a s  a function of water flow rate in  the heat exchange 
colurnn and, although the correlation is only fair ,  concentration increases 
with flow rate. The curve in Figure 9 was sent through 62 ppmv a t  zero 

ow to be consistent no liquid carry under at zero flow. 

reported in Table 6 it was never PO 
achieve a stripped product with less  than 19 ppmv. This result was 
entirely unexpected since preliminary calculations had shown that essen- 
tially complete stripping should be easily obtained. The difficulty has 
been traced to nonhexane contaminants that cannot be stripped and that 
register as hexane in the analytical method. Passing hot water through a - 
column containing ced a reading " equivalent to 10 to 



15 ppmv hexane. Freon TF solvent stored in a plastic bottle gave a read- 
ing of 109 ppmv. A few preliminary stripping tests using a glass stripping 
colu- and feed prepared by stirring hexane and water in a'bucket showed 
that the product could be stripped to 3 ppmv hexane. In brief, the stripped 
product concentrations given in Table 6 contain a nonhexane blank. A plot 
of hexane in stripped product a s  a function of nitrogen/water weight ratio, 
Figure 10, indicates that the blank is about 20.8 ppmv. 

The feed to the stripper contained hexane in excess of that due to solubil- 
run 1 /29, for instance, the stripper feed contained 1,585 pprnv 
ed to 62 ppmv for solubility. On the other hand, the quantity of 

stripping nitrogen used was 7.4 times the minimum required for removing 
the nonsoluble hexane. Thus, the nonsoluble hexane has essentially no 
effect on the stripped product concentration. The soluble hexane i s  much 
more difficult to strip, so the stripping curve shown in Figure 10 assumes 
a stripper feed concentration of 62 ppmv. 

The curve shown in Figure.10 is based on the Kremser equation, an equa- 
tion that is frequently used, in graphical form, in the solution of stripping 
problems. The equation i s  

sn+l - s 
sn+l - 1 E =  

= number of theoretical trays 
E = fraction stripped 
S = KV/L 
K = equilibrium constant 
V = moles vapor 
L = moles liquid 

The curve uses n = 5 and was made to pass through the "set point." The 
"set point" was chosen as the point where reducing the nitrogen to water 
ratio first results in increasing hexane in stripped product. 
fits the experimental data reasonably well and the assumption of 5 theo- 
retical trays is reasonable for the packing used. Having established the 
relationship between E and S, and knowing the experimental V/L, it is 
possible to calculate K. In this case K = 3,214. 

An independent estimate of K can be made for the conditions of the solu- 
bility tests . Vapor composition is calculated from hydrocarbon and water 
vapor pressure data, and hydrocarbon mole fraction i s  calculated from the 
solubility of hydrocarbon in water . For 142 *F, the calculated K is 93,000 . 
This suggests that the K i s  a function of liquid composition a s  well a s  tem- 
perature, and that K = 3,214 is a better value for use in the stripping cal- 

The curve 
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TABLE 1 

OPERATION OF HEAT EXCHANGER COLUMN (METRIC UNITS) 

---- 9/11 9116 9/17 9/22 --- 9/26 9/30 1012 1013 1016 10113 

24.29 18.28 18.16 18.28 18.28 12.38 18.28 18.68 18.04 18.31 
1.86 2.01 1.87 1.99 1.87 1.92 2.40 2.73 2.78 2.64 
0.58 0.56 0.49 0.46 0.35 0.24 0.41 0.41 0.36 0.35 0.49 

2682 2019 2006 2019 
149 179 166 163 

2831 2198 2172 2182 

1899 1373 1381 1357 
428 414 360 337 
397 426 395 397 

- - - -  

13.1 9.1 9.7 9.7 9.8 6.4 7.6 6.9 6.5 6.9 9.4 

Ins ula t ion No No Yes Yes  Yes Yes Yes Y e s  Yes Yes No No 

Tray Efficiency, % 29 38 25 25 24 53 58 59 61 70 69 1.1+ 

Temperature Approach, *C 14 7 2 5 4 7 3 5 3 2 5 13 

*Theoretical Plates 



C 

OPERATION OF HEAT EXCHANGER COLUMN (METRIC UNITS) 

. 97 96 97 ' 

2014 6253 5883 6164 6034 

5.9 5.8 4.8 

Yea . Yes Yea Y e s  Y es Y e s  

O v e r 2  O v e r 3  Over 3 Over2  Over 2 '  Over2  Over 2 Over 2 Efficiency. % 33 36 36 

0 .  3 2 2 

Tray 

*Changed Rotameters . **Relatively high heat lor8  lndlcater possible lack of equilibrium. 



TABLE I (Continued - 3) 

OPERATION OF HEAT EXCXANGER COLUMN (METRIC UNITS) 

4-7A 
(A ) (BI (C) (A) fB) (A) (81 

11/18 11/19 - 11/19 - 11/18 - - 11/17 - 11/17 - 11/17 - 11/14 - 

64.06 64.70 65.50 62.02 66.86 65.22 62.31 61.96 
9.96 9.79 10.53 . 11.16 11.25 11.78 12.46 4.87 
1.58 1.74 1.65 1.53 1.57 1 a 3 9  I .06 1.32 

96 97 97 97 97 96 94 95 
62 61 6 0  61 60 59 69 
22 21 22 16 17 19 21 
78 78 76 76 74 84 

7118 7373 6992 7506 7281 6810 6872 

7903 8203 7875 83 57 81 79 7776 72 56 

443 5 4517 4215 4617 4440 4193 4793 
1161 1210 1120 1149 1015 774 '975 
2072 2190 2311 2326 2427 2535 1031 

4 57 
7903 . a073 8203 7875 8357 a i  79 7776 72 56 

6.4 6 .5  6 .5  5.6 5.9 5 .5  5.0 12.7 

Yes Yea Yes Yes Yes Yes Yes No 

30 29 30 31 30 30 31 30 

3 a4 - 966 - 898 - 851 - 883 - a3 o - 78 5 - 

- 2 74 - 297 - 265 - 229 - 286 - 210 - 23 5 - 

Temperature Approach, .C 2 2 2 4 2 2 3 2 2 a 



TABLE 1 (Continued - 4) 

OPERATION OF HEAT EXCHANGER COLUMN (METRIC UNITS) 

Equilibrium Platea Over 2 Over 2 3 Over 3 Over 2 Over 2 Over 2 Over 2 Over 2 
Less Less 
than 1 than 1 0 Temperature Approach. *C 0 0 I 1  9 0 0 



TABLE 1 (Continued - 5) 

(METRIC UNITS! OPERATIONOFHEATEXCHANGERCOLUMN 

3/15 1/16 3/17 . 3/19 - - - -  
62.66 64.93 63.83 64.93 64.58 65.16 64.99 46.53 46.53 18.79 18.67 
12.25 11.16 . 11.16 11.16 11.16 5.28 4.96 7.68 2.52 

1.65 1.68 1.69 1.61 1.67 1.76 0.35 0.39 

62 64 61 60 

4413 4376 5189 1297 1268 

6.0 6.1 7.5 6.6 

No No No No 

Tray Efficiency, 25 25 28 28 

3 4 2 2 

*Abbreviated data for operation of 4-7C modification included in section on stripphg. 
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TABLE 1 

OPERATION OF HEAT EXCHANGER COLUMN (ENGLISH UNITS) 

9/26 9/30 1012 1013 1016 10113 '- l o l l 0  ------ 9/11 9/16 9/17 9/22 -- 
53.54 40.29 40.03 40.29 . 
4.09 4.43 4.12 4.16 4.12 4.24 5.28 6.01 6.12 5.82 8.29 
1.28 1.24 1.08 1.01 0.78 0.54 0.90 0.91 0.80 0.78 1.07 

190 184 182 180 

9155 6890 6845 6890 6890 4522 6849 7223 6697 6847 13488 
560 351 660 787 747 722 1028 - - - - - -  507 611 568 557 - - - -  

9662 7501 7413 7447 7450 5073 7509 ,8010 7444 7569 

6480 4686 4713 4631 4899 3047 4620 4668 4321 4573 lor37 
1462 1414 1230 1149 887 612 1021 1024 906 883 , 1212 
1354 1453 1347 1356 1339 1356 1700 1935 1958 1856 

325 58 168 383 259 257 
9662 7501 7413 7447 7450 5073 7509 8010 7444 7569 

- - - - - -  366 -52 . 123 311 - - - -  
13.1 9.1 9.7 9.7 9.8 6.4 7.6 6.9 6.5 6.9 9.4 

Innulation No No Yes Y e n  Y e s  Y e s  Yes Y e n  Yea Yes No NO 

Tray Efficiency, % 29 38 25 .25 24 53 58 59 61 70 69 1.1* 

*Theoretical Platen 



(ENGLISH UNITS) . 

112.95 .  141.90 122.20 
24.61 25.56 

3.02 3.21 2.54 

205.0 206.0 
140.0 140.3 

83.3 89.5 79.0 80.0 78.0 
169 165.5 177 166.3 171 172.2 167.6 163.3 

14963 12946 

Insulation Y e s  Yen Y e s  

Equilibrium Plates O v e r 2  Over3 Ovcr3 Over2 Over2 Over2  Over2  Over2  Efficiency,$ 33  36 36 
Tray 



ER COLUMN (ENGLISH UNITS) 

No Yes Yes Y e r  Y e s  Yes Y e s  Yea Yer No 

Tray Efficiency, % 29 29 30 29 30 3 1  30 30 31 30 

Temperature Approach, OF 4.5 4 . 5  4 7 4 3 5 4 3 15 

-. ----- ~~- 



OPERATION OF HEAT EXCHANGER COLUMN 

132 . 

Over 2 Over 2 3 Over 3 , Over 2 Over 2 Over 2 Over 2 Over 2 

0 

Equitibrium Plates 

Less  Less  
than 1 than 2 Temperature Approach. *F 0 0 19 17 0 0 



TABLE 1 (Continued -5) 

(ENGLISH UNITS) 

----- 1 2 i i a  1 z i i 9  12/22 12/24 12/29 p p - 7  3/15 3/16 3/17 3/19 

102.57 102.57 .43 41.15 
16.94 16.94 

.7a 0.85 

206.5 206.5 204.1 203.5 ' 

137.3 139.8 140.8 140.0 139.8 158.8 160.0 144.3 147.1 141.0 139.5 
55.0 56.5 59.5 68.3 79.2 81.0 79.0 74.5 

171.0 171.2 170.0 170.9 186.5 187.5 169.6 170.1 169.2 168.8 

Heat Balance. Btulhr 

14148 15017 14888 15060 14936 17710 17816 11237 i i512 4426 4328 
2790 884 964 
5446 1779 2000 

Wt. Ratio H201nCg 5.1 5. a 5.7 5.8 5.8 12.3 13.1 6.0 6.1 7.5 6,6 

Tray  Efficiency, 39 Over 29 

Temperature Approach, *F 2 5 5 5 5 19 19 6 8 3 3 '  

a- -1_-___1_-."----- _--- _- _ _  



















TABLE 6 (Continued -2) 

OPERATION OF STRIPPER . (ENGLISH UNITS) 

Identification 4-7c 

STRIPPER 

- 17_- l^ll ~ _I- - ~ - -  



OPERATION OF STRIPPER (ENGLISH UNITS) 

Identification 

H2O in 102.57 102.57 

170 170 169 169 
144 147 14 1 140 

.os888 . 05882 .1404 .I401 
140 143 130 - 

.00057 .00057 ,00339 

' Feed 
Stripped (Basis Feed) - 938 142 . 45 
Product 19 22 23 21 22 50 55 22 20 
Lorn 31 -10 21 -3 -52 - -2 27 -2 
Stripping Efficiency, % 87.4 91.5 86.9 79.0 88.2 - 94.5 86.6 69. 2 

*Ten-plate sieve tray stripper. 



45 (100) 64 f140) 
Hexane Hexane 

in Feed in Feed Water 
ppmv ppmv Temp. 'F 

1,514** 142** 2 70 159 
667 142 283 161 
967 140 248 160 
176 139 2 94 160 
265 154 42 8 139 
169 139 869** 147** 
62 8 144 4 52 146 
76 1 145 256 150 

158 93 8 

571 144 3 06 15 

-. 219 - 147 - - 

63 ' C  62 ' C  68.C 

-x - -., ____ 



CONCEPTUAL DESIGN u 
THERMODYNAMIC CYCLE STUDIES 

Computer Program 

DIRCON is an acronym for IIDIRect CONtact Binary Cycle Process. 
This computer program calculates the important process parameters. 
and state points of the direct  contact binary cycle process. 
g ram accepts as input data the thermal and chemical properties of the 
geothermal fluid, the design parameters of the plant equipment, and 
the properties and conditions of the working fluid. The program out- 
puts the various state points, power output and auxiliary requirements 
and the geothermal fluid requirements. The results of the runs made 

The pro- 

as part  of this study are summarized in Tables 8 through 14. 

Thermodynamics 

The physical and thermodynamic properties for hydrocarbon fluids 
required by the program a r e  provided by the Modified Benedict-Webb- 
Rubin (MBWR) equation of state as formulated by Dr. Kenneth Starling, 
(6) .  The P-V-T data a r e  derived directly from the equation of state. 
The enthalpy, entropy and fugacity data are derived from thermodynamic 
expressions based on the equation of state. 
calculated for either a pure hydrocarbon or  any mixture of up to seven 
hydrocarbons. The program component library contains twenty-two 
compounds. The ideal gas enthalpy and entropy data which provide the 
basis fo the enthalpy and entropy calculations a r e  from the API Data 

. 

hd 
The desired properties a r e  

Book. (5f  

When water is ered alone, the P-V-T, enthalpy, entropy and 
vapor pressure data are calculated from equation provided in Keenan 
and Keyes "Thermodynamic Properties of Steam. 11(7) Mixtures of water 

ots at several densities, The 



highest and lowest roots correspond with the liquid and gas states 
respectively. The intermediate roots a r e  not meaningful. The tech- 
nique for determining the state point parameters involves solving the 
P-V-T equation for  density and then using this value in the enthalpy, 
entropy, and fugacity equations. The density is found by a trial and 
e r r o r  method which finds the vicinity of the desired root and a "false 
position" method for converging to this root. Vapor-liquid equilibria 
a r e  determined by equating the fugacity of the vapor phase with that of 
the liquid phase. 
method. 
techniques but most of these have been eliminated by various tldampingll 
methods. 

Process Model 

This is done by trial and e r r o r  using the Newton 
There a r e  occasionally convergence problems with these 

The basic process flow sheet is shown in Figure 16. 
process model calculates the state points a t  each significant point in 
the process. 
fluid at the contactor pressure. The model then determines the heat 
and material balance for the process which provides the geothermal 
fluid exit conditions and the amount of steam added to the hydrocarbon 
working fluid. 
tion and the power production. 

The computer 

It does an adiabatic flash of the incoming geothermal 

The model also determines the internal energy consump- 

c., 
Program Organization 

The program code is written in Fortran IV as implemented on the 
Burroughs 5700 computer. 
and twenty-two subroutines. 
statements . 
Cycle Optimization 

The optimum 
It is not simp1 ximum thermodynamic efficiency based on 
available from the brine or  on heat extracted from the brine. 
more nearly expressed as the minimum cost per unit of deliv 
power; but determining accurate costs for each proposed cycle would 
be difficult, and the optimum might not be consistent with the maximum 
utilization of the geothermal resource. 

Economic studies of the production of electric power from geothermal 
brines indicate that brine production costs a r e  a very important factor 
in  the delivered cost of power. 

The code is organized as a driver program 
There are approximately 1,050 Fortran 

ed to in  cycle optimization is not easy to define. 

Furthermore, maximizing the power 
produced per unit of brine is also consistent with maximum resource 

49 



utilization. 
measure cycle performance. 

Power production is affected by a large number of variables. 
used as input to the computer program, and the range covered for each 
are:  

Therefore, power produced per unit of brine was used to 

Those 

Hydrocarbon - isobutane 
normal butane 
isopentane 
normal pentane 
normal hexane 
isopentane/normal hexane 60/40 (mol %) 
butane/ pentane/ hexane 25 / 5 0  /25 
isobutane/ hexane 5 0 /  50 
n-butane /i- pentane 50 / 50 

Condensing Temperature - 35 to 54°C (95 to 130°F) 

Contactor Pressure  Drop - 21 kPa (3 psi) 

Contactor Tempera 

Operating Pressur  

Expander Inlet Temperature - 65 to 163°C (150 to 325°F)  

e Approach - 2 .8  to 5.6"C (5 and 10°F) 

480 to 4,928 kPa (55 to 700 psig) b 

ciency - 0.85  

Pump Efficiency 

Brine Flash Pressure - 463 to 1,515 

Brine Specific H 

Brine Inlet Temperature - 1 

. 75 and 0.80 

2.4 to 205 psig) . 

of program) 

Since brine inlet te 
set by geothermal field conditions, it is convenient to set  these varia- 
bles for a series of cycle study runs. The major remaining variables 

t empe rature . 

condensing temperature a r e  normally 

e, and expander inlet 



The results for a series of runs with isopentane at 825 kPa (105 psig) 
operating pressure a r e  shown in Figure 11. Gross power is the power 
produced by the expander-generator set and includes an 0.85 efficiency 
for the expander and 0.98 efficiency for the generator. The gross 
power per unit of hydrocarbon increases with expander inlet tempera- 
ture from 15,870 kwh/M kg (7,200 kwh/106 lb) at 102°C (115°F) to 
33,070 kwh/M kg (15,000 kwh/106 lb) at 149°C (300°F). If, however, 
the gross power is expressed in terms of units of brine the gross 
power decreases with increasing expander inlet temperature. 
power per unit of brine decreases from 12,350 kwh/M kg (5 ,600 kwh/ 
lo6 lb) at 202°C (115°F) to 8,380 kwh/M kg (3,800 kwh/106 lb) a t  
149°C (300°F). This behavior can be explained by plotting the series 
of cycles on a temperature/enthalpy diagram such as Figure 12. Point 
1 represents the liquid hydrocarbon entering the direct contact heat 
exchanger; point 2 the boiling point in contact with brine; point 3 the 
dew point, that is the point at which all of the hydrocarbon has been 
vaporized: point 4 the hydrocarbon and water vapor entering the expand- 
er inlet for this run, or the direct contact heat exchanger outlet; point 
5 the expander outlet, o r  the condenser inlet; point 6 the place within 
the condenser where all water vapor has been condensed. The cycle 
is completed by condensing the remaining hydrocarbon vapor and 
returning to point 1. Point 7 represents the hot brine entering the top 
of the direct contact heat exchanger column. The enthalpy of the brine 
is taken as equal to the enthalpy of the working fluid at the expander 
inlet so that heat transferred to the working fluid equals heat trans- 
ferred from the brine. 
o r  pinch point. 
of the brine line is a measure of the brine to hydrocarbon ratio. A 
steep slope corresponds to a low brine to hydrocarbon ratio, and a low 
brine exit temperature. The cycle with the highest expander inlet tem- 
perature shows the highest expander work per unit weight of hydrocarbon, 
as measured by the enthalpy difference between points 4 and 5 .  This is 
achieved, however, at the cost of a high brine exit temperature, that is 
a high brine to hydrocarbon ratio. The cycle with the lowest expander 
inlet temperature, on the other hand, shows a lower value for expander 
work per unit weight of hydrocarbon but also a lower brine to hydrocar- 
bon ratio. 
brine occurs at the lowest expander inlet temperature consistent with 

Gross 

Point 8 is the minimum temperature approach, 
Point 9 is the cold brine leaving the column. The slope 

For  th is  example, the maximum work per unit weight of 

the hydrocarbon. 

r per unit weight brine does not always coincide with 
minimum expander inlet temperature, for instance for the case of iso- 
butane at 4,238 kPa (600 psig) operating pressure, Figure 13. In this  
case the gross power per unit weight hydrocarbon reaches a maximum 



W maximum at 144°C (292°F). Again, the behavior can be explained by 
reference to temperature/enthalpy diagrams for  the cycles, Figure 14. 
In this case the expander work for the low expander inlet temperature 
is v e r y  much less than that for the higher temperatures - enough less 
so that the low brine to hydrocarbon ratio cannot compensate. At the 
highest expander inlet temperature shown, the increased expander 
work is offset by the higher brine to hydrocarbon ratio, as compared 
to a somewhat lower temperature. 
is achieved at an intermediate expander inlet temperature. 

The result is that maximum power 

e procedure outlined above w a s  repeated for various operating pres- 
sures  for both isopentane and isobutane. 
mum power per unit weight brine as a function of operating pressure 
for the two hydrocarbons, all for  the same brine inlet and condenser 
temperatures. For  these conditions maximum net power, 10,400 kwh/ 
lo6  kg brine (4,700 kwh/lO lb brine), is reached with isopentane at 
1,067 kPa (140 psig) operatin pressure. The maximum net power 
with isobutane, 9,260 kwh/l0 kg brine (4,200 kwh/106 lb  brine), 
occurs at an operating pressure of 4,238 kPa (600 psig). Assuming 
that the wellhead pressure and reinjection pressure for  the brine is 
1,067 kPa, the net power would be further reduced by the power 
required for pumping the brine from wellhead to operating pressure; 
shown by the dotted line in Figure 15. Isopentane would be the work- 
ing fluid of choice where the brine is available at 172°C and 825 kPa, 

Figure 15 is a plot of maxi- 

6 

and the condensing temperature is 38°C. 

Similar studies for other operating conditions will lead to the choice 
of other hydrocarbons as working fluids. 
cases, be modified by other considerations such as the pressure re- 
quired for brine reinjection. 

In an attempt to 
hydrocarbon heating curve, wide boiling range hydrocarbon mixtures 
were tried as working fluids (see Table 14); Although it w a s  possible 
to  achieve a low brine outlet temperature, the work done by the expander 
was very low and as a consequence the net power production per unit of . 

brine w a s  low. 
range working fluids since the amount of enthalpy change in the expander 
is limited by the c 

Single comp ent working flui optimum results where a compound 
with the desired properties is available. 
lie between those of two compounds of a series, a mixture of the. two 
can be expected to give better results. 

The choice m a y  in some 

t a better fit between the brine cool curve and the 

This behavior is probably characteristic of wide boiling 

heavier components of the mixture. 

Where  the desired properties 



u NONCONDENSABLE GASES 

Geothermal brines contain noncondensable gases. 
composition of these gases varies with the location, but they generally 
consist of carbon dioxide with minor amounts of hydrogen sulfide, nitro- 
gen, methane and ammonia. 
to be completely dissolved in the brine at bottom hole conditions but 
separate readily with pres sure reduction or  flashing. 

Since complete and accurate data are lacking for composition, equilib- 
rium K's ,  and solubilities, it is difficult to predict the fate of the non- 
condensable gases within the system. It is reasonable to assume that 
the gases will be essentially completely stripped from the brine in the 
direct contact heat exchanger. Calculations indicate, however, that the 
noncondensables a r e  relatively soluble in hydrocarbons at the conditions 
occurring in the condenser, The noncondensable concentration will tend 
to  build up in the working fluid loop, 
be allowed to increase until it is possible to remove them by venting gas 
f rom the condenser, the amount to be vented depending on the concentra- 
tion. 

Hydrocarbon can be recovered from the vented gas by any of a number 
of well known methods; compression and cooling to condense the hydro- 
carbon as liquid, selective absorption of the carbon dioxide and hydrogen 
sulfide with a solvent such as diethanolamine, selective adsorption of 
carbon dioxide with molecular sieves, or condensation of the vented 
s t ream by compression and refrigeration followed by fractional distilla- 
tion. The use of any of these methods would add significantly to the 
capital and operating costs of the unit. These costs could very probably 
be borne if the power generation proce is otherwise financially attrac- 
tive. It would appear, however, to be better practice to remove the 
noncondensables from the brine ahead of the direct contact heat exchanger. 

In the process used for t h  cost e s tima t the noncondensabl 
removed from t 
steam produced by flashing, containing essentially all of the noncondens- 
ables, is used to preheat and vaporize working fluid in shell and tube 
heat exchangers. Thus by the use 
pensive equipment, it is possible t 
gases in the working fluid loop. 

PARTICULATES IN EXPANDER INLET VAPOR 

Scrubbers have been f i  tested on steam from flashed geothermal 
brines. Although the tests were for steam rather than hydrocarbon 

The quantity and 

The gases produced with the brine a re  apt 

The level of noncondensables can 

kr 

incoming brine by flashing. The small amount of 

11 amount of relatively inex- 
e problem of noncondensable 

k.l 



i 

vapor containing steam, the results indicate that satisfactory scrubbers 
a r e  available as state of the art. 

CONTACTOR INTERNALS 

The laboratory tests have'shown that a wide variety of internals would 
be satisfactory for use in the direct contact heat exchange column. 
The choice will depend on field testing and m a y  well be site specific. 
If field tests indicate heavy scaling the choice will probably be an open 
design such as disk-and-doughnut t rays  or shed trays. Sieve t rays  would 
probably be preferable for low scaling conditions. Shed t r ays  have been. 
used for purposes of cost estimating, although the choice of internals 
will not have a major impact on total plant cost. 

WORKING FLUID LOSS IN REJECTED BRINE 

The brine leaving the direct contact heat exchanger will contain hydro- 
carbon working fluid. Although normally considered insoluble, a small 
amount of hydrocarbon will be dissolved in the brine. In addition, there 
can be entrained hydrocarbon. Factors such as the large difference in 
density between the hydrocarbon and the brine and the low viscosities 
of both fluids make it possible to design for essentially no entrainment 
of hydrocarbon in the brine leaving the colurnn, as confirmed by labor- 
atory test results. The problem is, therefore, the dissolved hydro- 
carbon. 

The solubility of the hydrocarbons decreases with increasing molecular 
weight and is a function of temperature. Also, the solubility is sub- 
stantially reduced by the presence of dissolved salts. 
design used in the cost estimate, the solubility of the pentane working 
fluid based on our laboratory data is about 100 ppmv o r  62 ppmw. If 
none of this hydrocarbon is recovered, the loss for the 50 MWe plant 
would be 260 kg/hr (570 hr)  o r  0.0052 kg/kwh (0.01 14 lb/kwh). 
Literature values for th  lubility of pentane in water a r e  higher than 
our laboratory values and would give estimated losses of 680 kg/hr 
(1,500 lb/hr) or  0.014 kg/kwh (0.030 lb/kwh). 
higher figures were used in the cost estimate. 

Although the hydroca'rbon loss could be tolerated from the standpoint 
of cost, the hydrocarbon can be recovered. The industrial processes 
usually used for this purpose a r e  steam stripping, gas stripping, and 
adsorption on activated carbon. Stripping is efficient for the low molec- 
ular weight hydrocarbons used as working fluids and is less expensive 
than adsorption with carbon. 
question, steam stripping would require operation under vacuum. The 

For  the process 

To be conservative, the 

Since reheating the brine is out of the 



exit brine temperature of 78°C (172°F) would correspond to an oper- 
ating pressure of about 41 kPa (6 psia). A pump to restore the brine 
pressure to the column operating pressure would require a 1,640 kw 
driver, that is about 3.3% of the net power output of the plant. 

I 

The 
power required for gas stripping is very much less, so gas stripping 
is the method of choice. 

The laboratory work on stripping hexane from water shows that vapor- 
liquid equilibrium K values should be experimentally determined. Equi- 
librium K values based on solubility and vapor composition data are 
unreliably high for the hexane case; 93,000 compared to 3,214 from 
the laboratory stripping tests. Applying the same ratio of solubility K 
t o  laboratory K would give a K of about 2,000 isopentane and the condi- 
tions shown in the flow sheet of Figure 16. 

Assuming five equilibrium stages and 95% recovery, the corresponding 
stripping gas rate for the 50 MWe plant would be 4,250 m3/hr (16"C, 
1 Atm. ) (150,000 scfh). 
recycled through a stripper-condense'r loop with a 25 KWe compressor. 
The hydrocarbon concentrations are so low that cooling the stripper 
offgas to 38°C (100°F) would not condense the hydrocarbon. 
carbon is removed from the stripping gas and recovered by means of 
an  activated carbon adsorption column. A flow sheet for the system is 
shown in Figure 17. 

A preliminary estimate gives a plant cost of $400,000 for the stripper 
unit. Since accurate design data are not available, this cost should be. 
considered approximate. A summary of the estimated plant cost is as 
follows: 

This relatively small volume of gas could be 

The hydro- 

w 

$ 18,800 
s (2), Including Carbon 101,400 

ccumulators (2) 8,000 
5,000 
8,000 

$141,200 

Plant Cost (x 2.8) $400,000 

Assuming an overall hydrocarbon recoyery of 85% and a value of $0.06/ 
lb for hydrocarbon, the annual savings would be $570,000. 
utilities and maintenance costs are $40,0 r; no additional operating 

Estimated 

'LWJ 
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FIGURE 11 
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1. . FIGURE 12 

THERMODYNAMIC CYCLES.- ISOPENTANE 105 PSIG 
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TABLE 8 (Continued -2) 

CYCLE STUDIES - ISOBUTANE 

102.21 54.8 
182.11174.8 
221.41215.0 
260.71275.2 
300.01383.7 

Dew Point, 'FIH. Btullb HC 

130.4l161.0 178.5/209.6 202.21249.1 225.61310.4 257.114'88.2 239.21354.3 Temperature, 'FIH. Btullb H 192.81241.1 
Temperature, *FIH. Btullb H 120.2/153.7 152.3/180.6 168.11199.1 183.71223.3 204.71215.9 146.41179.8 
Temperature, 'FIH, BtullbHC 110.1/146.9 126.11158.5 134.01165.4 141.81173.9 152.31191.7 

99.91140.7 99.91140.7 99.9li40.7 99.91140.7 99.91140. 6 99.9114Q. 6 99.91 140.6 Temperature, 'FIH. Butllb HC 

0.0330 0.0581 0.1028 0.2482 0.3939 0.1359 

0.0 0.0 0 .0  0 .0  0.0 

0.975 1.174 1.481 2.360 3.188 2.087 

114.4 121.5 124.9 128.5 133.7 136.1 164.6 

BrinelHC, lbl lb  

21 0 2256 2241 2143 1891 1651 3939 

- 339 - - 107 89 71 44 33 153 
379 

3407 
736 

- 114 

144 
520 

HC Pump - 626 
Net 1001 1413 1526 

- 
1552 1508 

Cooling Water - 958 - 
. - Brine Pump 

H = Enthalpy 

-i_li- - , -  
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CYCLE STUDIES - SOBUTANE 

Boiling Point, *F/H. Btullb HC 215.8/ 81.5 242.21106.4 242.21106.4 242.21106.4 242.21106.4 250.31115.3 250.31115.3 250.31115.3 
Dew Point, *F/H. Btullb HC 215.81188.5 242.21197.8 242.21197.8 242.21197.8 242.21197.8 250.41200.0 250.41200.0 250.41200.0 
Temperature, 'FIH, Btullb HC 243.81221.2 244,81201.4 253.11212.6 261.51224.0 269.81235.7 258.61212.3 266.91224.2 275.21236.4 

Expander Inlet, *F/H 300.0/318.0 250,01208.4 275.01243.4 300.01285.2 325.01340.1 275,01236.0 300.01276.5 325.01327.8 
. Temperature, 'FIH, I lb  HC 271,91261.9 247. .ll204.9 264.11227-6 280.71252.1 297.41280.3 266.8l224.1 283.51248.9 300.11276.7 

Cooling Curve 
6 
6 Tempe raturc, *F/H, / lb  HC 220.0/284.8 160.51188.3 182.51216.2 204.51251.1 225.61298.7 177-91209.6 199-31242.6 . 200.9f286.3 

Temperature, *F/H. Btullb HC 180.01216.2 140.31169.4 155.0/183.5 169.61200.9 183.7/222.4 151.91180.3 166.21196.5 180.61217.1 
Temperature, *F/H, Btullb HC 140.01171.4 120.11153.9 127.51159.6 134.81166.1 141.81173.5 125.9f158.4 133.11164.5 140.21171.7 

99.9f140.7 99.91140.7 99.91 140.7 99.91140.7 99.91140.7 99.91140.7 99.91140.7 

0.0237 0.0376 0.0921 0.0344 0.0535 0.0831 

0,002 0.0 0.0009 0.0 0.0 nsate. lb l lb  HC 

1.862 2.410 1.389 1.839 2.402 

153.0 178.1 194.6 207.4 177.3 197.3 211.8 

BrlnelHC, lbl lb  1.920 1.079 

182.4 

I 

5208 5284 5124 4942 5325 5156 4969 
344 
268 520 

. 4308 4357 4315 4210 

341 341 341 381 381 381 

4844 
521 403 311 595 449 

316 - 502 - 396 - Cooling Water - 393 - 561 - 
Gross 

695 

Net 4172 3852 

Brine Pump 227 341 

- 399 - 279 

4325 426 1 

H = Enthalpy 
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TABLE 8 (Continued - 4) 

CYCLE STUDIES - ISOBUTANE 

operating PreBwre. psig 700 

300 

Heating Curve 
* 

Boiling Point, *F/H, Btullb HC 275.01 139.5 275.01139.5 275.01139.5 275.01139.5 275.01 131.7 
Dew Point, ‘FIH, Btullb HC 275.0/166.8 275.01166.8 275.01166.8 275.01166.8 275.01166.8 275.01154.8 
Temperature, ‘FIH. Btullb HC 276.61170.8 278.31175.3 280, 01180. 5 281.61 187.5 283.31198.6 283.31169.2 
Temperature, *F/H. Btu11b HC 278.31 175.3 28 1.71 187.5 285.01207.6 288.31217.7 291.71225.2 291.71186.3 
Expander Inlet, *F/H 280.01 180.6 285.01207.7 290.01221.6 295.01231.9 300.01241.2 300.01208.4 

’ Temperature, *F/H, Btullb HC 147.01176.1 156.91184.9 163.71192.3 170.81260.6 178.51210.7 162.51 €90.9 
142.41171.6 147.21 173.9 152.31180.9 141.61170.9 Temperature, *F/H. Btu/lb HC 131.31162.2 137,91167.6 

Temperature. *F/H. Btullb HC 115.61 150.8 118.91 153.2 121.2ll54.8 123.61 156.6 126.11158.6 120.81154.5 
Temperature, *F/H, Btuullb HC 99.91146.7 99.91140.7 99.91 140.7 99-91 140.7 99.91 140.7 99.91140.7 

Water Vaporized, lbl lb  HC 0.0269 0.0294 0.0320 0.0348 0.0379 0.0320 

0.01 14 0.0094 0.0087 0.0069 0.0035 0.0095 

BrinelHC, l b l l  0.623 1.084 1.316 1.484 1.635 1.224 

57.7 156.4 179.4 191.4 200.1 178. S 

6 Power, kwh110 lb Brine 

I Groan 1387 5090 5624 5521 4902 41 06 
1267 91 1 802 721 655 1132 

582 
2392 

1117 

Brine Pump 563 563 563 563 563 677 

HC Pump 
Cooling Wate r  . - - 448 

3799 
- 483 

Net -997 3526 4281 43 17 
- 541 - 653 - 

H = Enthalpy 





172.61 43.3 212.21 68.6 212.21 68.6 212.21 68.6 212.21 68.6 212.21 69.6 
212.2 I22  5.5 212,21225.5 212.2 1225.5 2 12.2 I22  5.5 2 12.2 1225.5 

213.1 1226.9 216.51231.9 224.81245.4 233.11260.8 - 
21 4.1 1228.3 220.71238.6 237.41269.6 254.11311.5 - 

300.01 591.6 21 5.01229.6 225.01245.7 250.01300.0 275.01392.3 

131.1 1186.3 14 5.3 1204.3 153 .El21 8.4 174.1 1266.9 192.81351.6 0 

130.1 I 1  88.7 135.81197.1 149.41222.8 161.81257.2 0 

11 5.011 70.6 11 7.81173 + 8 124.61182.6 130,81193.1 - 
99.8 I 1  56.4 99.81156.4 99.81156.4 99.81156.4 99.a1156.3 

0.1525 0.3174 

BrineIHC, lbll 

5413 5077 4533 3758 
151 137 106 77 49 

43 8 446 610 Cooling Water - 
4872 4710 4525 41 14 3271 

Brlne Pump 

- 342 - - 566 - 
- - - 

H = Enthalpy 

_.i_.I- - 



TABLE 9 (Continued -3) 

CYCLE STUDIES - ISOPENTANE 

Operating Presmre, amfg 205 305 405 

300 325 32 5 

262.2 11 02.5 262.2 I1 02.5 262.2 I1 02.5 296.1 1127.6 296.11127.6 
262.11261.3 262.11261.2 262.11261.2 296. i 1286.0 296.11286.0 322.31304.4 

Temperature, *F/H, Btullb HC 263.11263.0 266.41269.2 274.81286.0 297.41288.8 305.71307.4 323.21306.6 
Temperature, OFIH, Btullb HC 264.01264.7 270.71277.6 287.41315.8 298.71291.6 315.41331.7 324.11308.9 

275.01286.5 3 00.01253 .O 300.01294.5 325.01359.8 325.01311.1 

168.2 1244.9 187,01302.2 168.51246.3 187.913OO .3 168.812 55.0 
145.8 12 1 5.3 145.41214.2 157.91244.0 145.61214.6 158.51245.5 

122.6 11 79.8 128.91 189.1 122.71179.9 129.21189.4 122.81180.2 
99.81156.4 99.81156.4 99.81156.4 99.81156.4 99.811 56.4 

0.0650 0.1095 0.0662 0.1073 0 6 0742 

0.0 0.0 0.0 0.0 0.0 

2.183 2.437 3.266 4.229 5 798 15.850 

229.5 240.1 275.9 284.0 323.0 

4786 43 57 3191 2946 1017 
159 118 137 265 49 

51 189 
Net 4606 4297 3985 2865 2538 917 

Brine Pump 114 114 114 228 228 341 

- 143 - - 2 54 - 330 - 261 Cooling Water - 

H = Enthalpy 

1 



TABLE 10 

CYCLE STUDIES - NORMAL BUTANE 

Brine Inlet Temperature, 360 

Contactor Prersure  Drop, 
Flashing Pressure,  paig 
Brine Specific Heat 
Expander Efficiency 
Condensing Temperature, *F 
Pump Efficiency 
Critical Temperature. *R 
Critical Pressure,  psia 
Molecular Weight 

Contactor Temperature Ap 5 

Boiling Point, 'FIH. Brclllb HC 
Dew Point, 'FIH, Btullb HC 
Temperature, *FIH, Btullb HC 174.51178.3 199.2 1203.6 

205.81 59.8 
205.811 93 .O 
207.211 94.5 237.21231.7 

175.3/179,0 224.61238.1 2O8.61196.1 268.61286.8 
250.01287.4 21 0.011 9716 300.01276.2 

Cooling Curve 
138,41169.9 206,61269.4 151.81182.8 230.61343.9 
128.911 62.0 1 74.4 I2 1 3.2 137.81169.6 190.41243.9 

Temperature, *F/H, Btullb HC 119.41154.9 . 142.111 75.2 123.9f158.2 150.1/185.5 
Temperature, *F/H, Btallb HC 109.91148.2 109.9/148.2 109.91148.2 109.911 48.2 

Water Vaporized, lbllb HC 0.0145 0.0749 0.0208 0.1316 
0.0005 0.0 0.0006 b.0 

BrinelHC, lbl lb  0.758 1.319 0.887 I .982 

128.1 148.5 143.1 179.1 

Cross 3675 3909 4796 4679 
363 163 

Cooling Water 

0 76 76 

- 



TABLE 11 

CYCLE STUDIES - NORMAL PENTANE 

\ 

Operating Prersare ,  psIg 1385 1385 210 210 105 

246 275 2 7a 300 240 

Brine Inlet Temperature. *F 360 360 360 360 360 
5 10 
3 3 

Contactor Temperature Approach, *F 5 5 5 
Contactor Pressure  Drop, pr i  3 3 3 
Flashing Pressure,  psig 138.5 , 138.5 138.5 138.5 138.5 
Brine Specific Heat 1 1 1 1 1 
Expander Efficiency .85 .85 .85 .85 .85 
condensing Temperature, 'F 110 110 110 110 100 
Pump Efficiency .8 .a .8 .8 .75 
Critical Temperature, *R 845.1 845.1 845.1 ~ 845.1 845.1 
Crit ical  Pressure,  psi. 488.6 a a . 6  488.6 488.6 488.6 
Molecular Weight 72.15 72.15 72.15 72.15 

Heating Curve 

222.71 71.1 

Temperature, *F/H, Btullb HC 243.412 53.1 253.11272.6 275.412 77. a 282.71294.3 228.51225 .O 
234.3 1263.2 264 0129s .8 276.71280.7 291.4131 6.4 Temperature, *FIH, Btullb HC 244,712 55.5 

246.01258 ,O 275.01331.1 278.01283.5 360.01342.1 240.01275.5 

4 Boiling Point, 'F/H, 242.11 78.6 274.01100.4 274.0ll00.4 
h, Dew Point, *F/H, Btullb HC 242.1 1250.7 242. I 1255.7 274.11275 .O 274.1 12 75.0 222.a1241.9 

Temperature, .F/H, Btullb HC 160.21225 .a ia3.01290.2 168.3 1242.3 1 85.2 1292.3 159.21242.6 
Temperature, *F/H, Btullb HC 143.51205.2 158.71240.3 148.a1215.9 160.1 1244.2 139.3 1214.0 
Temperature, *FIH, Btullb HC 126.71179.8 134,41191.5 129.411 83.6 135.111 92.7 119.511 82.2 
Temperature, *F/H, Btullb HC 110.01160.8 llO.Oll60.8 1 10.011 60.8 110.0/160.8 99.7f160.1 

Water Vaporized, lbllb HC 0.0553 0.1051 0,0672 0.1060 0.0658 

Outlet Condenrate, lbllb 0.0 0.0 0.0 0.0 0.0 

Brine /HC, lb/Ib 1.478 2.048 2.046 2.665 1.765 

Brine Outlet Temperature, *F 192.5 207.2 228.9 240.3 191.3 

' Power. kwhl106 lb Brine 
Grors  6255 5732 5780 53 59 5214 

165 119 182 140 114 
466 403 550 

N e t  5540 5202 5195 4906 4634 
- 313 - - 41 1 - HC Pump 

Cooling 1 - 
Brine Pump 0 0 76 76 0 



CYCLE STUDIES - ISOBUTANE 
(MISCELLAIVEOUS) 

Operatha Pressure,  psi& 

Brine Inlet Temperature. 300 3 50 
Contactor Temperature Ap 5 10 
Contactor Pressure  Drop 3 3 
Flashing Pressurel  prig 52.4 120 
Brine Specific Heat 1 1 

Condensing Temperature , 100 95 95 110 

Critical Temperahwe, *R 734.7 734.7 734.7 734.7 

Expander Efficiency - 8 5  .85 .85 .85 

Pump Efficiency .75 .8 .8 .8 

Crit ical  Pressure,  pria 529.1 529.1 529.1 529.1 
Molecular Weight 58.12 58.12 58.12 . 58.12 

169.71 45.8 195.01 67.6 275.01144.2 
Dew Point, 'FIH, Btullb HC 169.7/169.6 195.01183.3 220,11193.3 275.01173.2 
Temperature,  *F/H, Btullb HC 171.5/171 .O 196.71184.9 221.71195.1 283.3/214.5 
Temperature, .F/H, 173.211 7 2 . 5  198.3/186,5 223.4/197.O 291.7/229.5 

1 75.0 I1 74.0 200.0/188.1 22 5.011 98.8 300.01243.7 

Coolinq Curve 

Temperature, 'F/H, 134.0/163.9 140.2 I1 73.7 148.51181.3 190.812 14. 
Temperature. 'F/H, Btullb HC 122.71155.4 125.1/161.6 130.61X65.9 163.811 82.0 

Temperature, *F/H, Btullb HC 99.91140.7 95.01141.7 95.0/141.7 109.9l138.5 

Water Vaporized, lbllb HC 0.0114 0.0147 0.0185 0.0409 

Temperature, *FIH, Btu/lb HC 111.3/147.8 110.01151.1 112.8/153.0 1 3 6.9 I 1 5 7 ;a 

Outlet Condensate, lb/lb HC 0.0005 0.0006 0.0012 0.0021 

BrineIHC, lbllb 2,548 1.174 1.422 1.372 

Brine Outlet Temperature, O F  162.0 142.8 163.5 179.3 

Power, kwhll06 lb Brine 
Cross  1142 3526 3550  6081 
HC Pump 100 329 3 79 73 3 

51 8 
4830 

Cooling Water - 
Brine Pump 0 200 2 95 469 

- 501 271 
Net 77 i 2 597 2670 

- 600 - 
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. TABLE 13 

CYCLE STUDIES - ISOPENTANE 
(MISCELLANEOUS) 

Brine Inlet Temperature, *F 
Contactor Temperature Approach. *F 

Flashing Pressure,  psip 52.4 105 105 105 138.5 138.5 138.5 138.5 
Contactor Pressure  Drop, psi 3 3 3 3 3 3 3 3 

Brine Specific Heat 1 1 1 1 1 1 1 I 
Expander Efficiency .85 .85 .85 .8  .85 .85 85 .85 

Pump Efficiency .8 .8  .75 .75 . 8  .75 .75 .75 
Condensing Temperature, *F 95 110 120 100 110 100 120 130 

Cri t ical  Temperature, *R 828.1 828.1 828.1 828.1 828.1 828.1 828.1 828.1 
Crit ical  Pressure.  psia 490.4 490.4 490.4 490.4 490.4 490.4 490.4 490.4 
Molecular Weight 72.15 72.15 72.15 72.15 72.15 72.15 72.15 72.15 

Heating Curve 41 
Boiling Point, *FIH, Btullb HC 12.21 62.8 212.21 57.0 212.21 68.6 231.81 75.7 23t.81 81.5 231.81 69.9 231.81 64.0 
Dew Point, ‘FIH. Btullb HC 213.9 212.21219.4 212.2/213,2 212.21225.5 231,81233.2 231.81239.3 231.81226.9 231.81220.6 
Temperature, *FIR, Btullb HC 215.8 216,51225.7 216,51219.5 216.51231.9 232,91234.8 237.91249.3 237.91236.8 237.91230.4 
Temperature, *F/H. Btullb HC .8 220,71232.4 220,71226.1 220.71238.6 233,9/236,6 243,91260.1 243.91247.5 243.91241.1 
Expander Inlet, 25.01233.2 225.01245.1 235.012 .3  250.01272.1 250.01259.3 250.01252.8 

Cooling Curve 

Temperature. *F/H. Btull  lS?,ll220.0 158,21210.5 1 4.21237.9 177.21230.8 183. ?/22t. 0 
Temperature. *F/H. Btullb HC 51.01192.3 138.01200.6 142.11192.7 142.71209.1 158.21204.4 165.81201.9 
Temperature, *F/H. BtutlbHC 108.7/169.2 126.81172.9 135.51171.8 118.91175.1 126.1/172.1 121.3/178.1 139.11176.3 147.91175.3 
Temperature, OFIH. Btullb HC 1156.7 110.1/156.1 120.0/155.6 99,81156.4 110.1/156.1 99.81156.4 120.01155.6 130.01155.2 

Water Vaporized, lbllb HC 0.0327 0.0468 0.0468 0.0468 0.0436 0.0603 0.0603 0.0603 

Outlet Condensate. lbl lb  HC 0.0 0.0 0.0 0.0 0.0 - 0 . 0 ,  0 . 0  0.0 

BrinelHC. lbl lb  1.504 1.413 1.413 1.413 1.239 1.496 1,496 1.496 

Brine Outlet Temperatur 1.568 176.8 181.0 172.5 174.1 185.6 193.7 19T. 7 

Power. kwh/lO lb Brine 6 

Cross 4097 4883 4365 5095 6438 . 6398 5339 4518 
HC Pump 87 133 127 137 191 173 164 159 

554 Cooling Water -530 . - 532 - 534 - 6 47 - 561 - - 560 - 521 - 
Net I 3489 4190 3684 4397 5600 5691 4643 41 29 

Brine Pump 24 0 , o  0 0 0 0 0 
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TABLE 13 (Continued -2) 

CYCLE STUDIES - ISOPENTANE 
(MISCELLANEOUS) 

Expander Inlet Temperature, *F 250 257 267 300 
Brine Inlet Temperature, 'F 3 00 360 360 
Contactor Temperature Approach, 'F 5 5 5 
Contactor Pressure  Drop. psl 3 3 3 

Expander Efficiency . a5 .85  . a5 .85 
Condensing Temperature, *F 95 95 110 110 
Pump Efficiency .a .a . a  .a 

Flashing Pressure,  psig 
Brine Specific Heat 

' Critical  Temperature, *R a28.i 82s. i 028.1 828.1 
Crit ical  Pressure,  psis 490.4 490.4 490.4 490.4 
Molecular Weight 72.15 72.15 72.15 72.15 

Heating Curve 

Boiling Point, *F/H. Btullb HC 247.21 94.9 264.11 98.2 264.1 I 98.2 
247.31253.5 253.91258.3 264.11256.4 264.11256.4 

Temperature, *F/H. 248.21255.1 254,91260.1 26s. 11258.2 276.11279.8 
Temperature, 249,11256.7 256.01262.0 266.01260.0 

250.01258.2 257.01263.9 267.01261. a 300.01341.9 
28a.01307.~ 

152.81222.6 154.91226.3 167,11225.6 193.01294.5 . 
148.11202.4 165.41240.3 Temperature. *FIH. Btullb HC I 133.51200.7 134.91203.1 

Temperature, *FIX. Btullb HC 1 14.2 I 175.2 ll4.91176.1 129.11175.7 
Temperature, *F/H. B 94.a1156.7 94. a1156.7 110.11156.1 110.11156.1 

Water Vaporiied, lbllb HC 0.0480 0.0506 0.0538 0.1060 

137.711 aa. 2 

Outlet Condensatc. lbl ib  H 0.0 0.0 0.0 0.0 

BrinelHC. Ibllb 3.200 3.722 1.695 2.414 

Brine. Outlet Temperature, *F 222.4 232.1 208.4 227.1 

Power. kwhll0 lb  Brine 
Grass  3202 2899 6292 5639 
HC Pump 94 aa 223 152 

342 
Net 2860 2595 5590 5145 

Brine Pump 0 0 76 '16 

6 

- 479 - 216 Cooling Water - 248 - 

_l_l ____(- 



TABLE 14 

360 360 300 360 

I 1 1 1 
.85 .85 .85 .85 
110 110 95 110 

Pump Efficiency .8 - 8  . 8  .8  .8  
Critical  Temperature, 'R 800.1 913.4 
Crit ical  Pressure,  psis 529.2 436.9 
Molecular Weight 65.14 86.18 

Heating Curve 

Boiling Point, .F/H, 283.3 11 08.3 258.81 88.8 181.71 44.8 188.41 55.2 291.2l109.9 
Dew Point, 'FIH. Btullb HC 293.01311.2 273.5f267.2 250.41259.7 191.91204.5 291.11367.4 

. Temperature, *FIH. Btullb HC 298.71327.3 282.31286.9 266.91299.4 200.31207.3 292.41313.0 
Temperature, *FIH, Btullb HC 304.31345.1 291.21309.4 ta3.51354.i 202.61210.1 293.71378.9 
Expander Inlet, *F/H 310,01365.1 3006 01335.6 300,01438.3 205.0/213.0 295.01384.9 

Cooling Curve 
Temperature. *FIH, 182.41310.8 00,41293.2 149.51195.0 159.3132Y; 9 

179,31252.7 231.01335.6 135.81180.8 142.81322.4 Temperature, .FIX. Btullb HC 168.81280.7 
Temperature, *F/H, Btullb HC 149.21222.2 isa.21206.5 21 1.71273.8 122.01167.5 126.31239.0 

109.11194.0 Temperature, OFIH, Btullb HC 129.61 186.2 137.21175.6 192.41232.2 108.3/ 156.3 

Water Vaporized, lbllb HC 0.1223 0.1060 0.1940 0.0218 0.1425 

Outlet Condensate. lb l lb  HC 0.0 0.0 0.0 0.0 0.0 

BrinelHC. lbl lb  3.155 2.319 2.138 1.437 3.744 

Brine Outlet Tem$erature, 'F 253.0 224.2 ' 163.9 154.7 265.9 

Power, kwh110 lb Brine 6 

Cross  4945 5251 3380 3602 4836 
HC Pump 117 154 81 136 67 

269 
4500 
- 543 

Net 4523 4105 2730 2923 
Cooling Water - 305 - 392 - 569 - 
Brine Pump 76 76 0 77 0 

(1) Isopentane 60. N-Hexane 40. 
(5) N-Hexane 100. 

(2) N-Butane 25, N-Pentane 50. N-Hexane 25, (3) Isobutane 50. N-Hexane 50. (4) N-Butane 50. Isopentane 50. 

- -lp-P - - _ _ _ 1 1 _ _ _ 1 ~ - - ~ - ~ . . " " . " . " " . . . . ~  



'cd * 50 MWe PLANT DESIGN 
, .  . 

I DESIGN BASIS 

The following design basis is consistent with the choice of the Heber-field 
as the geothermal reservoir 
Valley of Southern California and is representative of a medium tempera- 
ture low salinity geothermal resource with excellent commercial potential. 
The plant size of 50 MWe delivered was chosen on the basis of preliminary 

The Heber field is located in the Imperial 

nomic comparisons made as par 
earch Institute by Holt/Procon. 

f a study for the Electric Power 

. -  
Location: Heber field, California 

Plant Size: 50 MWe delivered 

Brine Inlet Temperature: 182 "C (360°F) 

Brine Inlet Pressure: 991 kPa (129 psig) 

Brine Specific Heat: 1.0 

. .  

LJ Brine T.D.S.: 15,000 ppm 

Condensing Temperature: 43 "C (110OF) 

Contactor Temperature Approach: 2.8 "C (5 OF) 

Noncondensable Gases: 0.02% w of brine (CO2 t H2S) 

Expander Efficiency: 85% 

id: Isopentane 

agram for a 50 MWe direct contact power 
plant and shows the major equipment sizes, a material balance, and heat 
exchange duties. The plant site is the Heber field in the Imperial Valley 
of California 

Hot geothermal brine from the producing wells enters a flash separator 
ases  and a s 1 amount of steam are  
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b, separated from the brine by flashing. Brine from the separator is 
pumped to the top of the direct contact heat exchange column, or con- 
tactor and flows downward through the column transferring heat to 
the countercurrent flowing isopentane working fluid. Cold brine from 
the contactor either flows directly to the field for reinjection, or is 
sent to a hydrocarbon recovery unit and then to reinjection. 

Steam and noncondensables from the flash separator flow through a heat 
exchanger in order to recover this heat content by preheating working 
fluiil. Condensed steam and noncondensables from the heat exchangers 
a re  separated in  a condensate separator and the streams are sent indi- 
vidually to disposal. 

Isopentane flows through the process in an essentially closed loop. 
Starting with the expander effluent separator, the isopentane is  pumped 
to the bottom of the contactor and flows upward through the contactor 
countercurrent to the descending brine. The isopentane is heated and 
vaporized in the contactor. The vaporized isopentane and a small 
amount of steam flow from the top of the contactor through a scrubber, 
and enter the expander Vapor from the expander is condensed and 
flows to the expander effluent separator. Excess steam condensate 
flows to disposal and isopentane is recycled. Small sidestreams of 
water and isopentane a re  pumped from the ex 
to supply the needs of the working fluid-flash 
supply scrubbing liquid to the working fluid scrubber. 

DISCUSSION 

Operation without a preflash to remove noncondensables was considered 
and is believed to be technically feasible. 
however, indicate that the noncondensable ga 
absorbed by the isopentane a 
trations in the working fluid 
using a preflash, and si 
easily recovered, this op 

The flow sheet shows thre 
contactors; two required for normal operation and one spare. The use 
of a spare column is probably not justified for the conditions met in the 
Heber field, but might be desirable for a field with brines having heavy 
scaling properties. That is, the use of three columns i s  conservative. 
The choice of 30-fOOt diameter columns requiring field fabrication is a 
matter of economics . Smaller diameter columns for instance 12 -foot 
diameter, could i r e  13 coh.m.ns for 
normal operation an 

e r  effluent separator 
r exchanger and to  

cd 

Preliminary calculations, 
a r e  preferentially 

In this case’ LJ 



i 
i the use of 30-foot diameter columns appears to be economically justi- 

fied, and is consistent with commercial practice in the petroleum refin- i 
ing industry. I 

! 
i 
i The method for noncondensable gas disposal is not shown on the flow 

sheet 2nd the choice of method may vary with location. One method is 
to route the noncondensable gas to a flare stack; a satisfactory method 
for the Heber field. Condensate from the condens separator can be 
combined with spent brine for reinjection. te f rom the expan- 
der effluent separator can also be disposed of with the spent brine. 

A discussion of recovery of hyd 
the section on Working Fluid Loss in Rejected Brine. 

Cond 

spent brine is  given in  



t, ECONOMICS 
, 

The purpose of the economic. study is to provide a means of comparing 
the direct contact process with two other processes for generating elec- 
tricity from geothermal brines. The two processes chosen for compar- 
ison are the closed loop binary and the two-stage flashed steam. 
s i te  chosen for purposes of the comparison is the Heber field located 
in the Imperial Valley of Southern California. This site is representa- 
tive of a medium temperature low salinity geothermal source of excel- 
lent commercial potential. The values given for the binary and flashed 
steam processes and for field and transmission costs a r e  taken from a 
recent study done for the Electric Power Research Institute by Holt/ 
Procon, a joint venture of The Ben Holt Co. and Procon Incorporated. 

Thus, the study provides a means of comparing the three processes on 
a consistent basis. 

COST ELEMENTS 

In estimating the cost of geothermal power delivered to a utility €oad, 
we assume that a privately owned producer will sell thermal energy to 
an  investor-owned public utility who will own and operate the power 
plant and transmission lines. T.hus, there a r e  three elements of cost 
to be considered. 

1. 

The 

W 

' 

Producer's selling price of thermal energy to the utility, o r  the 
utility's energy cost. 

The utility's cost of gener 

y' s transmis si0 

Since the methods and factors used in  estimating the cost elements a r e  
different, they a re  estimated separately. A computer program w a s  
developed for this  purpose. 

ENERGY COST 

In estimating the selling price of energy a utility, we have used the 
cost-of-service approach. In this approach, we estimate the capital 
investment and operating costs associated with the development of the 
field. We then estimat the thermal energy which LiJ 



will give the producer a return on investment commensurate with the 
risks. 

The following procedure is built into the program to determine the cost 
of energy for a particular case: 

1. Reservoir Requirements 

The amount of electricity generation desired and the energy con- 
version process utilized will determine the amount of geothermal 
fluid required at a given site. A knowledge of the reservoir char- 
acteristics will indicate the necessary number of production and 
injection wells, the field layout and the required collection and 
distribution piping. With this information, the various costs 
involved with bringing the field into production can then be esti- 
mated. 

2. Capital Investment 
I 

The capital investment for a geothermal project is the money 
required by the project for which a return on investment is ex- 
pected. 
none of these funds a re  obtained by borrowing. 
of the capital investment a r e  as follows: 

a. 

For  the purposes of this investigation, it is assumed that 
The components ai, 

Exploration and Land Acquisition Costs 

This represents the money spent in geological and geophysical 
research, exploratory drilling, bonus payments and other costs 
involved with establishing the presence of an exploitable geo- 
thermal reservoir. Since th  reservoir will typically be suf- 
ficiently large to supply mor than one power plant, only a 
proportional amount of this charge is assig 
under consideration. These cost ed prior to the 

d to the project 

b. 

sts of a drilling pr  he required pro- 
disbursed during 
culminates in the 

duction and injection wells 
the duration of the program. 
startup of the power plant. 



~~ 

C. Working Capital 

Working capital is required as of the startup of the power 
plant. The working capital is sufficient to pay one month's 
expenses, and is returned at the termination of the project. 

d. Capital Additions 

An additional annual drilling cost is required to provide addi- 
tional wells in the field to offset the effects of a declining 
reservoir. Typical decline ra nd project lives indicate 
a capital requirement equal to itial drilling costs, but 
disbursed evenly over the life of the project. 

The capital investments listed above a r e  expected to return a 
profit commensurate with the risks involved in a geothermal ven- 
ture. 
cash-flow method is used to determine the annual revenue require- 
ment s. 

To account for the time value of money, the discounted- 

3. Expenses 

Several types of expenses a r e  incurred during the operation of a 
producing geothermal field. These fall into two classes: cash 
expenses and book expenses. The book expenses a r e  not deducted 
from the revenues but are used in determining the taxable income 
for  federal and state income taxes. 

a. Cash Expenses 

16' 

aintenance, 
supplies, utilities, etc. . 

(1) Depreciation , 

sposes is calculated by the sum- 
x life of 15 years. 



Depreciation for bookkeeping purposes is calculated by 
the sum-of-the-years-digits method over the life of the 
project. 

(2) Intangible Drilling Expenses 

These expenses are deducted in  the year incurred. Since 
most of the drilling activities occur before any taxable 
income is produced by the project, it is assumed-that the 
producer can take advantage of this deduction elsewhere 
to the credit of the project. Although this deduction is 
currently in  use in the oil industry, there is some ques- 
tion as to whether it will also be available to the geother- 
mal industry. 

(3) Depletion Allowance 

This deductible expense, similar to depreciation, we 
assume to be 22% of gross revenue. However, it has 
not been ruled applicable to geothermal in general. 

4. Taxes 

Federal, state and local taxes will. be paid by the project. The 
federal and state income taxes are paid according to the net taxa- 
ble income. A federal investment tax credit of 10% is deducted 
from the federal income tax. The credit is based on the tangible, 
depreciable assets of the project. The state and local real prop- 
er ty  taxes are generally charged according to the value of the real 

on of the revenues produced 

bd 

ross  revenues. 

inus taxes afid expenses not 
including depreciation. Since there is also an annual capital addi- 
tion, this is also subtracted from the cash flow. The cash flow is 
then discounted at the desired rate of return to a present worth at 
the beginning of power plant operations. 
is adjusted iteratively until the sum of the discounted cash flows 
equals the capital investment at the start of power plant operations. 

The annual sales revenue 



Table 15 presents an estimate of the initial capital requirements to 
develop the reservoir for  each of the three processesI 
include the cost of producing wells, injection wells, dry holes and sur- 
face installations. 

The cost of the Heber wells of $300,000 each is pretty close to our 
understanding of actual well costs in the relatively e a s y  drilling char- 
acteristics of the Imperial Valley. 

The estimates 
L/ 

each case, we have assumed that about 20% of the development wells 
11 be dry holes. 

Total well costs vary from a low of $5.5 million for the Heber binary 
process to $7.5 million for the other two options. 

Table 16 presents estimates of field operating and maintenance costs 
for  the three cases. 
Table 17. 

The estimate of the field staff portion is shown in 
The annual cbst of the field staff including salaries, benefits, 

ield office burden and G&A is estimated to be $253,000. 

Producing well maintenance costs are estimated as follows: 

1, 

2. 

Each producing well is acidized once per year at a cost of $10,000. 

Major remedial well work is done once every four years for each 

W 

well at a cost of $80,000. 

Two of the original wells will be abandoned by the end of the project 
at a cost of $50,000 per well* 

3. 

Injection well maintenance costs ted on the  following basis: 

at a cost of $25,000. 

very two years for  each 

3. One injection e end of the project at a 

Annual surface-ins tall 
lated at 4% of the initial capital cost and 
at $1,000 per year per well, 

The cost of pumpin 

and materials) is calcu- 
hole surveys are figured 

s figured at 2.0 cents/kwh. For  the 



pumped wells this cost represents about one-third of the total operating 
and maintenance expense. 

COST OF GENERATING ELECTRICITY 

Capital cost estimates for the three Heber conversion options and for 
one field installation a r e  presented in Tables 18, 19, 20 and 21. These 
estimates a r e  made on the basis that a single contract would be let  for 
design, procurement and construction and, therefore, represent the 

&I 

d cost ready for operation. 

Major equipment costs (i. e., pressure vessels, heat exchangers, 
pumps, cooling tower, turbine and generator) were based on vendor 

. quotations when possible. Construction items (i. e., concrete, piping, 
structural, instruments, painting, electrical, insulation, paving, roads, 
fencing and buildings) were based on material takeoffs and current unit 
prices of such materials. Indirect field costs and home office services 
a r e  based upon experienc in building facilities of similar size and com- 
plexit y. 

The power plant costs for s at Heber a r e  as follows: 

Million Dollars W 
Flashed Steam 26.8 

Binary 28.5 

Direct Contact (Case 1 29.25 

These costs exclude the cost of land and any costs incurred by the owner 
associated with design and constru 

If the spare tactor column is o irect  contact plant, 
the capital cost is reduced to 27.6 million dollars. 
i s  added for hydrocarbon recovery from spent brine the capital cost 
would be increased 0.4 million dollars to a total of 28.0 million dollars 
(Case 2). Thus it is reasonable t 
contact plant is about equal to tha 
less. A two-stage flashed steam 
what lower capital cost. 

Table 22 presents estimates of p 

, 

If a stripping unit 

that the capital cost of a direct 
binary plant, and could be slightly 
can be expected to have a some- 

lant operating and maintenance . 

three cases. T n estimate of the cost of power 
including sala ri field office burden and G&A 

85 



Annual maintenance costs a r e  figured as 2q0 of the initial plant cost. 
Cooling water makeup is purchased at $3.50 per acre-foot. Cooling 
water treatment chemicals a r e  estimated to cost $20,000 per month, 
based on Imperial Irrigation District's expenses at their El Centro 
plant. 

The cost of generating electricity is estimated by a method used by 
public utilities. 
costs and fixed charges. 
percentage of the invested capital. 

1, Return on Investment 

U 

The total cost is the s u m  of operating and maintenance 
The fixed charges a r e  each expressed as a 

They are: 

Current capital requirements a r e  in the range of 11 to 13%. 

2. Income Tax 

The method used takes he expected a.mual taxes over the life of 
the power plant includi provisions for investment tax credit and 
interest deductions and converts them to a uniform annual "level- 
ized" expense. An interest rate of 9% is used with a 50-50 debt/ 
equity ratio. 

3. Depreciation 
W 

The depreciation expense is often calculated by the straight-line 
method, but for economic analysis the sinking-fund method is 
generally used. The program can use either method, but the base 

4. Ad Valorem Tax 

his accounts 

5 .  

6. Insurance 





The near term (by 1980) viable alternative energy sources available to 
a utility in  the southwest are coal-based o r  oil-based. 
sion that coal-based power is somewhat less expensive than oil-based 
power and that a f a i r l y  typical cost would be about 30 mils/kwh, while 
oil-based (burning low- sulfur fuel oil) would be somewhat higher, about 
35 mils/kwh. 
appear to be competitive. 

It is our impres- 
bi 

The costs for geothermal power at a field like Heber 

The geothermal power costs presented here can be expected to provide 
s, but the  absolute values are less valid. The effects 
ariables a r e  explored in the sensitivity analysis pre- 







TABLE 18 

THE B E N  H O L T  CO. 

E S T I M A T E  S U M M A R Y  S H E E T  

CUSTOMER 

LOCATION Heber  . Cali 
ACCOUNT 

1100 Columns (incl. 
1200 Pressure Vessels 
1300 Heat Exchangers 
1400 FurnacelHeaters 
IS00 Pumps 
I600 Boilers 
1700 Cooling Towers 
1800 Compressors-Turbine 
I900 Tanks 

Generatoi 

2800 Other 
Labor 

r O T A L  MAJOR EQUIPMENT 

3100 Concrete 
B200 Pipe, Valves, Fit t ings 
3300 Structural Steel 
3400 Instruments 
3500 Painting 
3600 Electrical 
3700 Insulation 
3800 Paving, Roads, Fen s & 
3900 Buildings 

Mlec 

r O T A L  CONSTRUCTION ITEMS 

DIRECT F I E L D  COSTS 

Indirect Field Costs (pg. 2) 

t O T A L  FIELD COSTS 

8200 Home Office Services 

Enia 
Materials 

635,400 

1,236,000 

863 , 500 

3,400,ObO 

214,400 

6,349,300 
21 5,000 

1 , 700,000 
425,000 
400,000 

1,275,000 

20,000 

4.035.000 
10,384,300 

41 5.700 

10.800.000 

Subcontract 

1,710,000 

2 , 070,000 

3 I 780.000 

10,000 

80,000 
30,000 
685,000 
260,000 
90,000 
200,000 

1.355.000 

5,135,000 

256.000 

5.391.000 

06 NO. 
DLANT D i r e c t  Contact 
tEV.NO. 0 DATE 5 1191 7r 

. b b w  

207,700 

207.700 
220,000 

1,100,000 
21 0,000 
40,000 

100,000 

1.670 i 000 

1,877,700 

3.029.300 

4.907.000 

TUB-TOTAL 

TOTAL 

2,345,400 

1,236,000 

863 , 500 

2 , 070,000 
3,400,000 

214,400 
207,700 

J 0.337.000 
435,000 

2,810,000 
635,000 
520,000 
30,000 

1,960,000 
260,000 
210,000 
200,000 

7.060.009 
17,397,000 

3.701.000 

21.098.000 

.3.319.o00 

24,417,000 

623,000 

2,110,000 

2,100,000 

29,250,000 



. 

I 

JOB NO. 

CUSTOMER P LA N f  Binam 
LOCATION Heber , California REV.NO. 0 DATE 4/22/76 
ACCOUNT Materials Subcontract Labor TOTAL 

I100 Columns (inel. trays) 
1200 Pressure Vessels 213,000 213,000 
1300 Heat Exchangers 2J700,000 2,700,000 
1400 Furnace/Heaters 
1500 Pumps 1,132,000 1,132 ,000 
1600 Boilers 
1700 Cooling Towers 1#8OoJOOO lJ&O,oO0 
1800 Turbine & Generator 3,700,000 . 3J'looJooo 
I900 Tanks 
2800 Other 1551000 155,000 

200,000 . Labor . 200Jm . 

TOTAL MAJOR EQUIPMENT 7 , 9 0 0 , ~  1,800,m 200,000 9,900 , 000 
3100 Concrete 200,000 210,000 410,000 
3200 Pipe. Valves. Fittings 1,64o,oO0 6%000 1jOoOj000 2 ,700 Jooo 
3300 Structural Steel 400 , 000 200,000 600,000 
3400 Instruments 360,000 60,000 40 ,000 463,000 
3SCO Painting 50Jooo 5 O J W  
3600 Electrical . 1$25,000 650,000 l~W5r000 
3700 Insulation 255J000 255,m 

3900 Buildings 

3800 Paving, Roads, Fences Zc i isc* 20,000 . W J O O  100JOOo 200,000 





E S T I M A T E  S U M M A R Y  S H E E T  

JOBNO. - 

PLANT CUSTOMER 

LOCATION Keber, California 

ACCOUNT Materials Subcontract labor TOTAL 

1100 Columns (incl. trays) 

1300 Heat Exchangers 
1400 Furnace/Heatcrs 
JSOO Pumps 1,411J000 1,411,000 
1600 Boilers 
I700 Cooling Towers 
I800 Compressors 
1900 Tanks 

Production 8i Injection 
REV.NO. 0 DATE 4 122 176, 

1200 Pressure Vessels 70~000 7 O J m  

2800 Other 11OO0 

labor 53,000 5 3 J o o 0  

f - I TOTAL MAJOR EQUIPMENT 1,4&,000 53,000 1~535,000 
3100 Concrete ' 13,000 . 18,000 3 b O O O  

3300 Structural Steel 

3500 Painting 
3600 Electrical 190Jm 440,OoO 630 J OOo 

3800 Paving. Roads, Fences& Misc. 217,000 217,000 

3200 Pipe. Valves, Fittings 20,000 6TTiW 1 , 581,000 

3400 Instruments 281,000 149Jm 2 5 J W  455Jm 

3700 Insulation 1oJOOo 1oJooo 



TABLE 22 

ESTIMATED P L A N T  OPERATING AND MAINTENANCE COSTS 

(ALL FIGURES IN $ K/YEAR) 

ITEM - 
HEBER 

DIRECT 
CONTACT BINARY FLASH 



HEEER DIRECT CONTACT BINHRY CYCLE PLANT - CHSE 1 

INPUT DRTO 

25 

so. . 

. .  - .  FROJECT LIFE, YEARS 
18009000. 

LEASE GOIiUS PAYMENT 
WELL r.wLLIriG COST E799509 000 .  
SURFACE I NSTHLLHTI OH C7941O9 000 .  . 

E X P L ~ R ~  I m COST 

UDRKIIG CfiPXTAL . E326971S. 
ANNUAL CRPITAL HDDITIONS $3189000. 
FOUER PLRNT INVESTEENT E2992509 000.. .. 
lwtrisrtx ss r or{ CYsTEri INVESTMENT 25009 000 .  
FIELD O&Pl EXPEtlSE E292799 000. 

$199219140. .FLRHT DLPl EXPENSE 
s59 000 .  

0 517 
wmttsr i i  ss I or1 IXM EXPENSE 
1NTfiYGI CtE DRILLING EXPENSE 
DEPLETION RLLCMtWCE .22o. 
STATE TAX RATE .090 
FIELD RRTE OF RETUFN .150 
POWER PLAlJT RATE OF RETURN , .120 

. .  

J 

POWER COST suritmw . 
ENERGY COST t792969 051. <48.42) 

FIXED CHiiEGES 
RETURN OH INVESTMENT $3,510~ 400. 

DEPRECIATION t219r 374 - INCONE TAX S932~681.  

FID VHLoEuri TAX St029 OGOo 
RDM. & GENERAL f2929SQO. 
I NSURRNCE $299 250. 

$5$?45~805.  (38- 1%) .TOTAL 
J 

S199219 140. <12-S%) OPERATING b NAINT. EXPENSE 

fRRNSflISSIO3 CDST 
FIXED CH3RGES $91) 9 el9. 
0 4  El EXPENSE SJ9 000. 

TOTAL S103~E19. < 0.7%) __---------- 
WER CDST $159 0669225. 

OWER RATE = 40.440 MILL9KWH 
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TABLE 25 
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SENSITIVITY ANALYSIS - GEOTHERMAL POWER C 

BASIS: DIRECT CONTACT BINARY . 

Power Cost - mila/kwh 

Fuel Charges Maintenance Transmission Total 

1. Base Case (incl 15.4 5.2 0.3 40.4 

Fixed Operating h 
- Conditions 

and intangibles write -off) 
Lower Field Capital and 16.5 15.4 5.1 0.3 37.3 n 

' 2. 

w 23.3 15.4 5.2 0.3 44.2 

18.4 15.4 5.2 0.3 39.3 

5. Field Rate of Return - 10% 15.9 15.4 5.1 0.3 36.7 

6. Field Rate of Return - 20% 24.1 15.4 5.2 0.3 45.0 

7. No Depletiofi & Intangible 24.8 15.4 5.2 0.3 45.7 

9. Intangibles Only 23.6 15.4 5.2 0.3 44.5 

0 Overhead h Maintenance - 20% 0 

8. Depletion Only 20.7 15.4 5.2 0.3 41.6 , 

10. Project Life - 20 Years 20.1 15.6 5.2 0.3 41.2 

11. Project Life - 30 Years 19.2 15.4 5.2 0.3 40. 1 

12. Power Plant Rate of Return - 10% 19.6 12.9 5.2 0.2 37.9 

13. Power Plant Rate of Return - 14% 19.6 18.0 5.2 0.3 43.1 
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LOT PLANT PROGRAM 
, . . . ,  

CONCLUSIONS FROM PHASE I 

Laboratory work and design studies show that the use of the direct con- 
tact heat exchange process in the production of electric power is techni- 
cally feasible . Preliminary cost estimates indicate that the process is 
competitive with other geothermal power processes, particularly where 
the closed loop binary process cannot be used due to scaling or  corrosion 
problems . The most important remaining question requiring experimen- 
a1 confirmation is the effect of operation with actual geothermal brine on 
rocess performance. The possible effect of scale formation is of parti- 

cular importance. 

Design studies and very preliminary cost estimates lead to the conclusion 
that best practice will be to operate the heat exchange column a t  about 
wellhead pressure. 
cut. Operating a t  relatively 1ow.pressure tends to produce somewhat less  
gross power but more net power, and equipment costs are expected to be 
substantially lower. 

OBJECTIVE 

The pilot plant program consists of the design, construction, and opera- 
tion of a skid-mounted pilot unit. The unit is to be operated in the field 
using actual geothermal brine. The objective of this effort is to demon- 
strate the technical and economic feasibility of the direct contact binary 
process. It is hoped that sufficient information will be obtained to permit 
the design of a full scale demonstration unit without undue technical or 
economic risk. 

Phase I work has d nstrated that a direct contact binary process is 
technically feasible . Preliminary cost estimates indicate that electric 
power can probably be produced at a competitive price, especially for 
scaling brines. The process has not, however, been operated with geo- 
thermal brines. Operation in the field with actual geothermal brines 
would not only reduce the risk of commercialization, but would also pro- 
vide a checkout of an integrated production well and plant system. 

The nature of geothermal brines, especia 
ing tendencies , corrosion, and nonconden 
laboratory testing is of limited use. On the other hand, brine character- 
istics can be expected to have an important effect on process performance. 
As an example, the rate of scale formation and the physical characteris- 
t i cs  of the scale may well dictate the choice of heat exchange column 
hternals .  
therefore highly desirable. 

The working fluid of choice appears to be a pentane 

with respect to scale form- 
le  gas content, is such that 

' 

Field testing the process with actual geothermal brines is 
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On completion of the field work, technical and cost information will be 
updated, and a technical and economic evaluation will be prepared. 

iL, 

A more detailed description of the program follows: 
. . . .  * ,  - . . . .  . . .  ..,, 
Task 1 - Site Selection 

Although the pilot unit should be designed so that it can be used at a vari- 
,ety of locations, the basic design should be for a specific site. The 
specific design can then be reviewed and modified to provide the desired 
flexibility. All available design data for the selected site will be acquired 
and organized into a design basis. These data should include information 
such a s  brine composition, temperature and pressure, availability of 
utilities, and interfacing requirements for brine supply and disposal. 

The test  facility now being constructed a t  East Mesa would appear to be a 
logical choice of site. 

The preliminary design of Phase I will serve a s  a starting point. An 
optimum cycle willlbe developed for the specific site conditions, along 
with a heat and material balance. Process flow and piping and instrument 
diagrams will be prepared and used to develop final skid layout and piping 
drawings. The design will be reviewed to provide the desired flexibility, 
both during the design process and at the end. 

A field test program will be developed. 
in  sufficient detail to ensure adequate data collection to meet the objec- 
tive of the program. 

Task 3 - Laboratory Tests 

Laboratory tests will be performed, as required, to obtain answers to 
design problems. This effort will be of limited extent, and may not be 
required a t  all. 

Task 4 - Fabrication of the Unit 

Maximum use will be made of standard purchased components, and out- 
side vessel fabricators wi l l  be used where this leads to greater efficiency 
and less  expense. Hydrostatic tests and instrument and control checks 
will be made in the shop. 

LJ 

. 

The program will  be set forth 
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vaporized water from the brine, flows from the top of the column to the 
expander. Flow to the expander is controlled and measured, any excess 
vapor being bypassed by a pressure controller. Vapor from the expander, 
and any bypassed vapor, flows to the main condenser. 
carbon and water are separated in the hydrocarbon accumulator. Water 
is removed through a level control valve; the flow rate is measured and 
the water is discarded. Hydrocarbon is sent back to the heat exchange 
column, closing the hydrocarbon loop. 

Cold brine entering the stripper is contacted with noncondensable gases , 
or nitrogen, metered into the bottom of the stripper. Stripped hydrocar- 
bon vapor, stripper gas, and some water vapor flow from the top of the 
stripper to the stripper condenser. Condensed hydrocarbon and water 
a r e  separated in the stripper accumulator, with water removed intermit- 
tently for disposal. The hydrocarbon is returned to the hydrocarbon loop 
a t  the inlet to the hydrocarbon pump, under level control. The stripper 
gas is returned to the stripper by means of the stripper blower. Excess 
noncondensable gas, if present, is vented through a pressure controller. 

Any noncondensable gases entering the system with the hot brine will 
accumulate in the hydrocarbon accumulator. Accumulator pressure is 
maintained by removing noncondensables with the noncondensables com- 
pressor. 
of the stripper condenser. 

Power produced by the generator is measured and dissipated using an a i r  
cooled resistor load, 

Where flashed steam is available along with the hot brine, the steam is 
used to vaporize hydrocarbon in the vaporizer. The hydrocarbon vapor 
is combined with the heat exchange columnvapor and flows to the expan- 
der.  
o r  disposed of separately. Noncondensable gases, if present in the flashed 
steam, a r e  vented from the vaporizer under pressure control. A hydrogen 
sulfide absorber, or other control method, may be required depending on 
the amount and composition of these noncondensables 

Part of the flexibility to be incorporated in the design d l l  be the ability 
to test different column internals, s 
heat exchange and stripper columns 
height will be provided by flanged column sections. 

An expander-generator set  has been included in the design although the 
concept could be tested without it. The expander-generator set  should 
be included because of the lack o 

Condensed hydro- 

The compressor discharges into the stripper gas loop, ahead W 

Condensate from the vaporizer can be combined with the cold brine, 

h a s  sieve trays or packing, in the 
Provision for changing column 

rcial  know-how available on the 
L, use of mixed hydrocarbon-water ed in expanders . 
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LJ ESTIMATED COST AND SCHEDULE 

The estimated cost of the pilot plant program is $273 , 900 and is expected 
to require one year. A summary of the cost elements is as  follows: 

Purchased Parts $ 50,000 
Direct Labor 73 ,-ooo 
Overhead 73,000 
Craft  Labor 24,000 
Tr ane port at  ion 23., QOO 
Other Direct Costs 6,000 

Total 249,000 

Fee (10%) 24,900 

$273 , 900 Total Plus Fee 

The proposed schedule is shown in Figure 19. 
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TASK 

1. Site Selection 

2. Design 

3. L a b T e s t s  

5. Operation 

6. Evaluation 

7. Final Report 

Enpine e r s 
86 

950 

173 

3 46 

1,730 

390 

173 

3 ,848  ' 

Designers - 
280 

300 

Technicians 

173 

- 
1,730 

- 
- 

1,903 6,051 Man-Hcur 8 ,  Subtotal 
Administrative Review 60 
Project Manag e r 520 
Purchasing 173 

500 See re ta rial 

7 ,304  
Craftsmen I ,  038 

- 

TOTAL MAN-HOURS 8,342 

_l______ -I 
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