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Created in 1849, the Department of the Interior--America's Depart-
ment of Natural Resources--is concerned with the management,
conservation, and development of the Nation's water, wildlife,
mineral, forest, and park and recreational resources. It also has
ma jor responsibilities for Indian and Territorial affairs.

As the Nation's principal conservation agency, the Deparement of the
Interior works to assure that nonrenewable resources are developed
and used wisely, that park and recreational resources are conserved
for the future, and that renewable resources make their full contri-
bution to the progress, prosperity, and security of the United
States--now and in the future.

FOREWARD

This is another of a series of reports designed to present accounts

of progress on saline water conversion with the expectation that the
exchange of such data will contribute to the long range development

of economical processes applicable to large scale, low cost demineral-
ization plants of multi-million gallon per day capacity for conver-
sion of sea and other saline waters.

Except for minor editing, the data herein are as contained in a report
submitted by The Dow Chemical Company, under Contract No. 14-01-0001-39T7.
Neither the Department of the Interior nor any person acting on behalf
of the Department, makes any warranty or presentation with respect to
the accuracy, completeness, or usefulness of the information contained
in this report, or that the use of any information or process equip-
ment disclosed in this report may not infringe privately owned rights.
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SECTION I. INTRODUCTION

The saline-water conversion program was begun in 1952
with the purpose of developing a practical low-cost
means of producing water, of suitable quality for
municipal, industrial, and other beneficial uses, from
saline water. The Office of Saline Water has developed

conversion processes through research grants and con-
tracts.

By Public Law 85-883, the Office of Saline Water was
authorized to construct and operate not less than five
saline-water-conversion demonstration plants for the
production, from sea water or brackish water, of water
for industrial, municipal, and other beneficial uses.
The first of these demonstration plants to be built
was a long-tube, vertical, falling-film, multiple-
effect distillation plant at Freeport, Texas.

The long-tube, vertical evaporator design was first
suggested by W. L. Badger and Associates. In 1957, a
2000-gallon-per-day pilot plant was erected. As a
result of the pilot-plant test work, a l1l2-effect evapo-
rator saline-water conversion plant was designed by

W. L. Badger and Associates and constructed by Chicago
Bridge and Iron. Since June 6, 1961, the Freeport
plant has been operated by Stearns-Roger Corporation

of Denver, Colorado. The plant has successfully op-
erated for three years.

The Office of Saline Water requested an engineering
evaluation of the long-tube, vertical, falling-film
distillation process in order to use the operational
knowledge to advance the science and technology of
saline-water conversion and to contribute materially
to low-cost desalination by increasing operational
reliability and production of the long-tube, vertical,
falling-film process.

It is the objective of this report to study the falling-
film distillation and to prepare an engineering evaluation
of the process and the design of major items of equipment,
with particular emphasis upon improving production and
operational reliability and upon reducing product cost.



SECTION II. SUMMARY AND CONCLUSIONS

A.

summary

An engineering evaluation of the OSW Demonstration
Plant No. 1 has been completed. Heat and material
balances for three sets of operating conditions were
calculated. The intake complex was evaluated. The
preheaters and cross exchangers were evaluated for
the present operation and designed for two other
operations.

An extensive study of the deaerator and its operation
was carried out including sampling and chemical analy-
sis. The evaporator design was evaluated for varying
tube sizes and brine recirculation rates under three
sets of conditions. The entrainment-separator design
was evaluated for the present operation, and a study
was made on the use of wire mist eliminators.

The materials of construction and corrosion problems

of the plant were studied, samples examined, and radio
logs taken. The pumps and other mechanical equipment
were studied with emphasis on the more severe operating
conditions proposed. The plant instrumentation was
reviewed and evaluated.

A review of location and procedures for chemical sam-
pling and analysis was made. The acid and caustic
treatment of the sea water feed was reviewed and eval-
uated.

Through a literature survey, correct solubility limits
for calcium sulfate scales were calculated and the
scaling limits for the LTV plant determined. Ion-
exchange softening for feed pretreatment was studied,
and softening units were designed for plant operation
at 275°F and 4:1 brine concentration, and at 300°F and
5:1 brine concentration. Application of the calcium-
sulfate slurry process for feed water treatment to the
LTV plant was extensively studied.

Treatment of the product water was studied, and the
effect of the product water on the materials of con-
struction was evaluated. Test spools and plant piping
were examined and the corrosion evaluated. The effect
of mixing product water with Freeport city water was
studied. A normalized plant to produce one million

gallons per day was designed and the economics deter-
mined.



SECTION II. SUMMARY AND CONCLUSIONS

B. Conclusions

The major conclusions from this study are:

1.

Economic evaluation of the present plant operation
and the two revised plant operations, Table II-I,
indicate that the most economical process is the
operation of the plant at an Effect I temperature

of 300CF with ion-exchange softening of the sea
water feed.

Using all of the process improvements determined
in the engineering evaluation, a normalized, one-
million-gallon-per-day plant was designed at a
capital cost of $1,518,570 which would operate
for $1.16 per thousand gallons.

A systematic study of the solubilities of calcium
sulfate and a review of the scaling in the LTV
plant have led to the conclusion that the first-
effect temperature should not exceed 240°F to
prevent CaSO, (anhydrite) formation, and that the
last-effect concentration factor should not exceed
three times normal sea water to prevent CaSO0O4* 2H20
(gypsum) formation.

Removal of 50 per cent of the calcium by ion-
exchange softening in a fluidized bed and regener-
ation with a concentrated brine will allow operating
at 275°F in the first effect and a concentration
factor of four times normal sea water in the last
effect.

Removal of 65 per cent of the calcium will allow
operation at 300°F in the first effect and a con-
centration factor of nearly five times normal sea
water in the last effect.

Adaptation of the Badger anhydrlte seeding process
to the present plant to permit 300°F operation is
economically attractive provided a pre-Effect I
hydraulic-cyclone seed recovery of 98 per cent can
be achieved, and provided the feed sea water can
be heated to 200°F without scaling.

The existing deaerator is adequate in size and design
to maintain the total COz concentration of its ef-
fluent brine in the range of two to three parts per
million COp, and the Oz concentration at an approx-
imate 100-parts-per-billion level, 1if operated under

3



TABLE ITI-T

COST COMPARISON
PRESENT, REVISED, AND NORMALIZED PLANTS

Operating Operating
Temperature, Capacity, Capital Cost, Cost,
OF opd $ $/1000 gal
250 1, 000, 000 1,604, 406 1.20
275 1, 433,000 1,624, 285 0.95
300 1,812, 000 1,678,627 0. 83
500 Normalized 1, 000, 000 1,518,570 1.16



SECLLON ITI. SUMMARY AND CONCLUSIONS

the conditions suggested in this report. '"Alka-
linity" values as reported from the presently
precribed analytical procedures for the conver-
sion plant, will not be a measure of the residual
total COz in the deaerator effluent. Reduction
in the rate of stripping steam used (vapors from
Effect XI) will result in an increase in the con-
centration of COz and Oz in the deaerator effluent.
The present location of the deaerator in the plant
flow system is considered proper.

8. The product water being pumped to Freeport is
considerably more corrosive toward plain steel
than is Freeport well water. The chlorinated,
blended water, resulting from mixing the converted
water with Freeport well water in the present pro-
portion, is only slightly more corrosive to plain
steel than chlorinated well water alone.

9. The corrosiveness of the product water is due to
its lack of scaling properties, which correlates
with its occasionally rather high COz content.
This condition can be economically corrected by

any of several methods outlined in the body of
this report.

Specific conclusions and recommendations concerning
special problems studied in the evaluation will be
found throughout this report.



SECTION III. HEAT AND MATERTIAL BALANCE

A.

Existing Plant Balance

Data used for this balance was taken August 19, 1963,
and March 19, 1964. Temperatures were recorded to the
nearest degree and flow rates were recorded to the
nearest thousand pounds per hour. The steam fed to each
evaporator steam chest was considered saturated at the
recorded vapor-head temperature. Latent heat and, pres-
sure of the steam were taken from steam tables 25)
(datum saturated liquid at 32°F). The properties of

sea water and its concentrates were collected from the
literature. The balance, Figure III-A-1, was calculated
with the recorded sea-water flow rate of normal sea
water, 3.51745 per cent total dissolved solids, as the
feed to the process. The calculated production was two
per cent above the recorded production for August 19,
1963 and five per cent below that recorded on March 19,
1964. The existing plant balance was used as the basis
for the design calculations for the process equipment.
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SECTION III. HEAT AND MATERIAL BALANCE

B.

Revised Plant Balance

1.

300°F Revised Balance

The heat and material balance, Figure IIT-B-1, 1s
based on a brine temperature of 300°F in Effect T
and a brine concentration factor in Effect XII of
five times normal sea water. The use of ion-
exchange softening to remove 70 per cent of the
calcium from the sea water feed allows operation
within these limits without the formation of scale
in BEffects I or XIT. The temperature of the vapor
from Effect XII was set at 120°F by the temperature
of available cooling water. The over-all temper—
ature difference was divided to give an equal drop
in temperature from one vapor head to the next.

The steam requirement to Effect I, 56,347 pounds
per hour at 316°F, was determined from an over-all
heat-transfer coefficient based on representative
operating data, the heat-transfer surface of Effect
I and the temperature difference. The gross pro-
duction for the plant operating at these conditions
is 1,812,000 gallons per day with a steam economy
of 11.1 pounds of water per pound of steam.






SECTION ITII. HEAT AND MATERIAL BAILANCE

B.

Revised Plant Balance

2.

275OF Revised Balance

The heat and material balance, Figure III-B-2, is
based on a brine temperature of 275°F in Effect I
and a brine concentration of four times normal sea
water in Effect XIT. The use of ion-exchange
sof'tening to remove 50 per cent of the calcium

from the sea water feed allows operation within
these limits without scale formation in Effects T
or XII. The vapor-head temperature from Effect XIT
was set at 120°F. The over-all temperature dif-
ference was divided to give an equal difference
between vapor-head temperatures. The steam re-
quirement to Effect I, 44,868 pounds per hour at
288°F, was determined in the same manner as for

the 300°F balance. The gross production for the
plant operating under these conditions is 1, 433,000
gallons per day with a steam economy of 11.1 pounds
of water per pound of steam.

10
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SECTION IIT. HEAT AND MATERTAL BALANCE

C. Normalized Plant Balance

The normalized balance, Figure III-C-1l, is based on the
300°F revised balance. The process conditions are the
same, with the sea water feed rate and steam rate to
Effect I reduced by the ratio of the production of the
normalized plant to the production of the revised BOOOF
plant. The condensate from steam fed to Effect I is
returned to the boiler and not carried through the
system; therefore, flash tank number one is not required
in the normalized plant.

12
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SECTION IV. GENERAL PLANT DESIGN

A. Intake Design
1. Description

Inlet capacity is provided by two 30-inch diameter
steel lines that originate in the Ethyl-Dow sea-
level intake canal. The lines are pile-supported
in the canal and they extend underground 380 feet
to the intake structure.

The intake structure is a reinforced concrete pit
that contains a traveling screen, two pumps, and
a recycle chamber. It is approximately 50 feet
long by 15 feet wide by 12 feet deep.

14



SECTION IV. GENERAL PLANT DESIGN

A.

Intake Design

2.

Technical Evaluation

Basically, the intake structure is well designed
and 1s adequate for the intended service. Nothing
was found that indicates any modification to the
existing facility is needed.

Silt in the incoming water is possibly a problem,
and consideration has been given to pretreating
the water. Effective desilting of sea water can
be achieved by treating with magnesium hydroxide
in a settling pond. The estimated cost of an
installation is $50,000. The increased operating
and maintenance costs, caused by silt, are not
well defined, but they are not considered to be
sufficient to justify a $50,000 expenditure.

Screening is provided by a traveling screen equipped
with 1/2-inch screen fabric. The screen is operated
manually, and the frequency of washing is determined
by observing the drop across the screen. More favor-
able results could be obtained if a smaller mesh
screen were used. The velocity across the screens

is less than 0.5 feet per second; therefore, head
loss should not be a problem with the finer mesh.

A few physical features were noted that should not
be repeated in future installations, and they are
submitted for future reference.

a. Untreated timber piles were used to support the
intake lines. These piling are exposed to sea
water and are vulnerable to attack by marine
borers.

b. Steel pipe was used for the gravity intake lines.
Concrete culvert pipe will give satisfactory
service and can be installed more economically.

¢c. The elaborate configuration used for the bottom

of the intake pit adds to the cost and does not
contribute to the performance of the installation.

15



SECTION IV.

A.

GENERAL PLANT DESIGN

Intake Design

5.

Recommendations

Q.

The screen fabric on the traveling screen

should be replaced with smaller mesh as normal
replacement is required. The existing screen
is 1/2-inch and six-mesh screen is recommended.

Additional experimental work should be done to

determine if silt can be effectively removed
in the existing 30-foot diameter tank.

16



SECTION IV. GENERAL PLANT DESIGN

B. Preheater and Cross-Exchanger Design
1. Present Plant Exchanger Designh

The comparison of observed and calculated values
of over-all heat-transfer coeff'c& nt, based on the
correlation recommended by Kern was made. Pre-
heaters 301, 302, 303, and 306, and cross exchanger
208 were found to have operating values above the
calculated over-all coefficients. The values of
the operating and calculated coefficient, Table
IV-B-1-1I, show a decreasing trend from the high
temperature condition in preheater 301 to the low
temperature conditions in preheater 311. The de-
creasing trend is also shown in exchangers 208,

209, 210, 211, 212, 213, 214, and 215, although

it is not as pronounced as in the preheaters. The
treatment of the preheaters was based on the cor-
relation for a vertical condenser with corrections
for the effect of vapor velocity on the shell-side
film coefficients. The fouling resistance was
found to be high at the low-temperature end of
system for both the 200-series and 3500-series ex-
changers. There was a drop in fouling resistance
between exchanger 212, immediately preceding the
deaerator, and exchanger 211, immediately following
the deaerator. It was found that the addition of
baffles on the shell side of the 200-series increased
the over-all coefficient from 27 per cent to 52 per
cent of present calculated values. The increase in
over-all coefficient was attributed to the increase
in liquid velocity and turbulence created by the
changes in direction of flow. Baffles were found
to have no significant effect on the 300-series
condensers.

The installation of baffles in the 200-series ex-
changers cannot be justified since most of these
exchangers should be replaced with flash tanks.
Section IV-B-2 shows that the flash tanks are
capable of handling the heat recovery from the
product water as well as the 200-series exchangers.

17



TABLE IV-B-1-1

HEAT-TRANSFER COEFFICIENTS AND FOULING RESISTANCES
FOR PRESENT PLANT HEAT, EXCHANGERS

Over-all Coefficient Fouling
Exchanger Btu?gzr%ziﬁ%:OF Btgiiau%ifﬁiioF OF?ﬁiE:ga?%iﬁtu

301 848.6 659 -0. 00034
302 831.9 711 ~0. 00020
303 733.9 731 -0. 000005
304 518.9 668 0. 00043
305 341.7 669 0. 00143
306 928. 7 594 ~0. 00061
307 362. 8 653 0. 00123
308 542.1 577 0..00011
309 389.5 529 0. 00068
310 316. 2 522 0. 00125
311 55.2 526 0. 01620
201 121.1 195 0. 00306
208 380. 2 351 ~-0. 00022
209 213.7 344 0.00177
210 87. 4 359 0. 00865
211 212.9 276 0. 00106
p12 95.6 288 0. 00693
213 75.7 279 0. 00963
214 106.3 252 0. 00543
215 51.5 169 0. 01349
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SECTION IV. GENERAL PLANT DESIGN

B.

Preheater and Cross-~Exchanger Design

2.

Heat Recovery

A comparison of methods of heat recovery from the
product-water stream was made by means of heat and
material balances. The two cases studied were the
present operation and the present operation with
exchangers 201, 208, 209, 210, and 211 replaced by
flash tanks. The latter case eliminates 6,743
square feet of heat- transfer surface from the
system while there is no significant change in
production or steam economy as shown in Table
IV-B-2-I. All equipment other than that mentioned
above was the same for both cases in the comparison.

19



TABLE IV-B-2-1

COMPARISON OF HEAT RECOVERY FROM PRODUCT WATER
BY FLASH EVAPORATION AND/OR LIQUID-LIQUID CROSS EXCHANGE

Present Estimated
Operation Operation
Equipment HE-201, FT-2 thru 7 FT-1 thru 11
HE-208 thru 215 HE-212 thru 215
Production, 1bs/hr 342,209 342,470
gal/day 984,167 984,918
Steam Economy
lbs water/lb steam 10.95 10.96
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SECTION IV. GENERAL PLANT DESIGN

B.

Preheater and Cross-Exchanger Design

5.

Revised Plant Exchanger Design

The preheater and cross-exchanger heat-transfer area
requirements were calculated on the bases of the
heat load and temperature difference predicted by
the revised heat and material balances. The over-
all heat-transfer coefficients used 1in the design
for the revised cases were calculated from present
operating data and are tabulated in Table IV-B-3-1I.
Exchangers 201, 208, 209, 210, and 211 were not con-
sidered in the revised cases and therefore were not
designed for these requirements. These vessels were

replaced by flash tanks to recover heat from the
product water.

The present heat exchangers with the exception of
exchangers 3509 and 311 were found to be adequately
sized to handle the load required by the 275°F re-
vised plant balance. Exchanger 309 requires the
addition of 44 tubes, and exchanger 311 requires
36 additional tubes. Each of these exchangers has
the space needed for the additional tubes.

The heat load required by the 300°F revised plant
balance necessitates that exchangers 301, 302, 303,
304, 305, 306, 307, 212, 213%, 214, and 215 be tubed
out. The exchangers 308, 309, 310, 311, and 312
must be replaced to meet the required heat load.
Exchanger 308 was redesigned to have a shell 29
inches in diameter with 376 tubes. Exchangers 309,
310, and 3511 were redesigned as 31-inch shells with
454 tubes. The final condenser, 312, was redesigned
with 1000 tubes 20 feet long in a 48-inch shell.

The exchangers for the revised plant cases are the
same as for the present plant with changes mentioned
above. The flow pattern for the revised plant is
the same as present flow with one exception, the sea
water feed passes through the 212 exchanger before
it enters %11 preheater.
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TABLE IV-B-3-1I

HEAT-TRANSFER AREA COMPARISON OF
PRESENT OPERATION AND REVISED OPERATIONS
FOR HEAT EXCHANGERS

Area, sg fti

Tubed Required for,
Exchanger Present out 2750F 300°F
301 1796 1796 1361 1744
302 1388 1796 1260 1672
303 1435 1796 1223 1565
304 1571 1796 1336 1709
305 1796 1796 1331 1702
306 1707 1796 1494 1796
507 1644 1796 1555 1733
308 1796 1796 1535 1959
309 1445 1796 1672 2213
310 1738 1796 1689 2156
311 1608 1796 1796 2124
312 4189 4189 3092 5077

201 533 963 Not required

208 1173 2409 Not required

209 1524 2409 Not required

210 1628 2409 Not required
211 1885 2409 Not required
212 18583 2409 681 632
2173 2147 2409 1381 1575
214 2304 2409 1727 1178
215 5037 5057 2525 2280

1Bgsed on one-inch 0D, 18-BWG tubes
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SECTION IV. GENERAL PLANT DESIGN

B.

Preheater and Cross-Exchanger Design

4.

Normalized Plant Exchanger Design

The exchangers for the normalized plant were sized
from the exchangers required for the revised plant
for 300°F operation. The heat-transfer areas were
reduced, by the ratio of normalized sea-water feed
rate to the sea-water feed rate for the revised
plant, from the area required for 300°F revised
operation. Table IV-B-4-I gives the tabulation of
the normalized heat-exchanger designhs. Exchangers
212, 213, 214, and 215 were replaced by two ex-
changers 200 and 201, to handle the cross-exchanger
load. The exchangers were calculated for a required
area and tube count with the shell of the nearest
standard diameter large enough. The vessels were
designed with the shell completely tubed out.
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TABLE IV-B-4-T

HEAT-EXCHANGER DESIGN FOR NORMALIZED PLANT

Required Required Shell Design

Area, Tube Diameter, Tube

Exchanger sq ft Count in. Count
301 1057 202 23-1/4 252
502 1013 194 2%-1/4 252
503 948 181 23-1/4 252
304 1036 198 235-1/4 232
505 1051 197 25-1/4 252
306 1200 229 23-1/4 232
507 1050 201 23-1/4 252
308 1187 227 23-1/k4 252
309 1341 256 - 25 282
510 1307 250 25 282
511 1287 246 25 282
312 5077 588 55 592
200 1454 278 25 282
201 2109 503 31 45k
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SECTION 1IV.

C.

GENERAL PLANT DESIGN

Deaeration Design

1.

Determine the minimum performance characteristics
for a satisfactory deaeration system, relocate,
and redesign the present deaerator, if necessary.

a. Conclusions and Recommendations

(1)

(%)

The present deaerator is adequate in size,
and in general, its design is proper to
reduce both the 0Os content and CO2 content
of the incoming brine to satisfactory levels.

The existing location of the deaerator as
shown in Figure III-A-1 is considered to be
the proper location.

The present (May, 1964) packing, consisting
of a 16-foot depth of three-inch ceramic
Raschig rings should be replaced with an
eight-foot depth of 3-3/4-inch size poly-
styrene "Maspac FN-90" packing to effect an
improvement in deaerator performance with
respect to decarbonation.

Packing requirements for three proposed sets
of conditions have been calculated and are
listed in Table IV-C-I. In each case,
"Maspac FN-90" is the type of packing
recommended.

A savings in capital cost for the deaerator
of between $1000 and $2000 can be effected
in the normalized plant by constructing the
deaerator shell 10 feet shorter than the
existing unit.

In each of the cases listed in Table 1IV-C-1I,
the amount of packing recommended 1is probably
a very conservative %i.e., "safe") value.
The packing requirement given 1s based on
literature values for stripping Oz and COp
from water using air. Stripping with steam
will introduce more favcrable conditions
for the apparent transfer surface required,
which cannot be quantitatively evaluated
from existing data. (see Discussion under
paragraph IV-C-1-c.)
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Case

IT

I1T

NOTE:

TABLE IV-C-I

CALCULATED PACKING REQUIREMENTS
FOR EXISTING DEAERATOR

Conditions

Existing

275°F Revised Plant

Operation

300°F Revised Plant

300°F Normalized

Operation

Plant

Brine
Flow,

gpm

490, 000

611, 200

726, 420

436, 400

Packed
Height

3

ft

8

10

11

Volume of
Packing,
cu f't

225

282

310

198

The above packing requirements are based on an enter--

ing brine containing 105 ppm total COz and 9.5 ppm Oz:

and a leaving brine containing 0.5 ppm COs and 0.01
ppm Oz, and assumes the packing is 3-3/4-inch Maspac

FN-90.
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SECTION TIV.

GENERAL PLANT DESIGN

(7) Based on Freeport Conversion Plant operating
records, the deaerator is able to reduce O»>
to below detectable values with no packing.
The COz stripping effectiveness under these

conditions is not known with certainty at
this time.

(8) The present deaerator, or any other deaerator
of similar type, will never utilize its pack-
ing and stripping steam effectively. This
situation is inherent in the requirements
imposed on it (see Discussion under para-
graph IV-C-1l-c). This does not reflect poor
choice of deaerator type or poor design of
existing type to do the existing job.

(9) Recommendations concerning operation of the
deaerator appear in Sections V-A-2 and V-A-3
of this report.

Description of Work Done

Basic data were obtained from literature surveys
to permit calculation of the values and relation-
ships plotted on Figures IV-C-1 through IV-C-7,
and shown in Tables IV-C-I through IV-C-VI. These
curves were then used in subsequent computations
involving equilibria in the COz - sea water system
or Oz - sea water relagtionships.

No applicable data could be found in the literature
for the stripping of either Oz or COz from fresh
water or from sea water by using steam. Adequate
design data does exist for desorbing both COz and
Oz from fresh water by stripping with air. Some

of these are listed in Tables IV-C-II and IV-C-TIIT.

Since the liquid film is the controlling resistance
to mass transfer in the desorption of 0Op and CO»o
from fresh water, and since the viscosity of sea
water approximates that of fresh water, these

data were assumed to be valid for steam.

In all of the calculations, it was assumed that

the upward flow of stripping steam in the deaerator
was equal to the flow of leaving vapors. Although

this is not strictly true, this assumption permits

the use of workable methods and yilelds satisfactory
results without employing other assumptions further
removed from known conditions.
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TABLE IV-C-IIT

EFFECT OF TEMPERATURE ON KLa AND HTU
FOR Oz AND COz2 BETWEEN AIR AN? WéTER
From Sherwood and Holloway 4

Kra,

Temp. , 1b mols%hr/cu ft HTU,
OC 1b mols/cu ft ft
10 Ly 0.7
20 55 0.6
50 70 0. 45
4o 85 0. 38
50 110+ 0. 30

110 3201 0.12
1Extrapolated
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FIG. IV—C-1
SOLUBILITY LIMIT OF OXYGEN IN SEAWATER
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FIG. IV-C-2
SOLUBILITY OF CO, IN SEAWATER

FROM BOHR’S DATA, PRESENTED BY HARV EY (21)
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SECTION IV.

GENERAL PLANT DESIGN

Carbon dioxide and O, balances were made over
the deaerator on April 10, 1964. Duplicate sets
of samples were taken of the sea water fed to
the deaerator and of the effluent sea water
during a test period in which the pH of the
influent sea water was maintained at a maximum
value of four pH units. The dissolved Oz was
determined immediately on one set of duplicate
samples by a modified Winkler method. The total
COz was determined on another set of duplicate
samples gravimetrically in an Ascarite train.
The analytical results were then used to compute
the operating conditions of the deaerator, shown
on Figures IV-C-8 and IV-C-9, using the well-
known method described by Sherwood and Pigford(45).
Calculations of the packing requirement for the
three sets of revised conditions shown in Table
1V-C-T also employed,the method described by
Sherwood and Pigford(45?.

On the day the deaerator test run was made, the
chlorinity of the inlet brine was approximately
15 parts per thousand, and the total CO. content
was 92 parts per million. Since the yearly
average chlorinity and gross COs content of sea
water at Freeport approximate these two values,
respectively, they have been used as bases for
computing the working curves mentioned above.
(Actually, 90 parts per million COs = 2.09 x 10-2
molar has been used for the bases of COs calcu-
lations. )

Discussion

Deaerators in service in steam-power generation
service are claimed to attain residual dissolved

Oo concentrations of leaving water of between

0.007 parts per million and 0. 35 parts per million(B)
depending on the type. A satisfactory level of
dissolved Oz would be considered to be 0.005 parts
per million for low or medium pressure service up

to 400 pounds per square inch, gauge (4570F satu-
rated steam temperature).

For the Freeport Conversion Plant, in consideration
of the lower operating temperatures, a dissolved

Os concentration of 0.010 parts per million should
be satisfactory. The opportunity for leakage of
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OPERATING CONDITIONS OF DEAERATOR
FOR OXYGEN STRIPPING

DURING TEST OF APRIL 10, 1964
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FIG. IV=-C--9
OPERATING CONDITIONS OF DEAERATOR
FOR CO, STRIPPING DURING TEST RUN
OF APRIL 10,1964
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SECTION 1V.

GENERAL PLANT DESIGN

atmospheric 0Oz into the brine system at any point
downstream from Effect III makes airtight gasket-
ted joints and pump shaft seals a major factor in
maintaining a low concentration of dissolved Ogz.
After the 02 inleakage has been reduced to a
practical minimum, as is apparently true in the
Freeport Conversion Plant, and after the deaerator
successfully maintains the Oz content of the brine
to the neighborhood of 0.0l parts per million,
then the emphasis of effort can be on a further
reduction of the dissolved O- content by chemical
means.

Arriving at a practical design value for residual
total COz in the brine leaving the deaerator 1is
more difficult than for Oz, considering the
following facts:

(1) No operating data on COs removal by commercial
deaerators is available.

(2) The 90 to 100 parts per million COs concen-
tration with which the Conversion Plant is
concerned with is almost never encountered
by commercial power-house deaerators.

(3) Even though a value of zero parts per million

COz is ideally desirable, industrial deaerators::

for which data is available seldom attain a

value as low as 1.0 parts per million total
COo.

A value of 0.5 parts per million COs has been
arbitrarily used for design purposes, even though
it will be considered fortunate if values between
one and two parts per million COsz are actually
realized in the deaerator.

The conditions encountered in this deaerator (refer
to Figures IV-C-8 and IV-C-9), both existing and
in the proposed cases, are good examples of a Exg?
of situation described by Sherwood and Pigford s
where the ratio of liquid mass velocity to gas mass
velocity 1is very high. Under these conditions, the
actual HTU values, based on liquid-film resistance,
are much higher than normal, sometimes exceeding
six feet or more. The conditions prevailing in-
side the stripping column in such a case fail to
achieve countercurrent action, since the relatively

4o



SECTION IV.

GENERAL PILIANT DESIGN

feeble upward flow of gas is induced to reverse
its direction in places by the much greater
momentum of downward flowing liquid.

The ratio of liquid mass velocity to gas mass
welocity (L/G), is 490:1 in the present deaerator
and will be about 720:1 in Case II. Hence, it

is concluded that the deaerator is subject to

the difficulties of the situation just described.
The use of a type of packing having as great a
701d volume per cubic foot as possible will
minimize the troubles Jjust described, but will
definitely not eliminate them entirely.

Increasing the flow of leaving vapor will improve
the efficiency of packing utilization, at the
expense of heat economy. Decreasing the flow of
leaving vapor and increasing the packed height
will conserve heat, but will allow greater devi-
ation from countercurrent conditions and poorer
packing efficiency. Although it is doubtful

that the deaerator will operate with greater

than one transfer unit, the difficulties en-
countered are inherent in the terminal conditions
imposed on it, and do not reflect either poor
choice of type or design.

After the packing was removed from the deaerator
on June 10, 1964, samples of effluent brine ob-
tained by operating personnel during operation
without packing showed no detectable 0. This
fact indicates that the conditions for O»s
stripping from boiling brine by the use of steam
are considerably more favorable than predicted
from extrapolated data obtained by air stripping.

The active transfer area of the three-inch

Raschig ring packing was approximately 9000
square feet. This was replaced by only an esti-
mated 735 square feet of spray droplet surface
area. This value 1s based on an estimate by
Spray Engineering Company of a 5200-micron
average droplet size for the eight-inch Sprayco
nozzle in the deaerator. The required transfer
area, based on extrapolated literature values
for air stripping, is approximately 3800 square
feet. Apparently there 1s very apprecilable
transfer area in the steam bubbles during ebul-
lition.
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SECTION IV. GENERAL PLANT DESIGN

Even though the present deaerator is able to
reduce the 0Os content of brine to 0.01 part

per million by operating without packing, its
performance in COz stripping is still uncertain
at this time. Therefore, the theoretically
calculated amounts of packing as shown in

Table IV-C-I are being recommended.

Relocation of the deaerator has been considered.
It is concluded that the present location is
proper. This conclusion is based on the follow-
ing points:

(l) Moving the deaerator further downstream
would expose more upstream piping and
heat exchangers to attack by dissolved
Oz and to possible carbonate scaling.

(2) Relocating to operate at a higher temper-
ature means using higher pressure steam
for stripping, and is contrary to the
interests of heat economy. Relocating to
operate at a lower temperature, say to
ambient, may result in a greater packing
requirement.

For the normalized plant, consideration has
been given to separating the decarbonating
function from the deaerating function by in-
stalling two separate stripping columns. The
proposed decarbonator would be located upstream
from the proposed deaerator at the equivalent
location of the existing deaerator in the
Freeport plant. It would operate at about
50°C (122°9F), at atmospheric pressure, and
employ approximately 110 cubic feet of air per
minute to strip the acidified sea water to a
residual total COz content of one part per
million. It would be six feet in diameter by 24
feet high and contain a ten-foot depth of packing.
The pH of the effluent brine would be increased

- to 6.0 and the brine would pass through the 300-
series heat exchangers to the first point that
the temperature exceeds 212°F. Here, a com-
mercially available deaerator would be located
to reduce the expected four parts per million
Oz content to approximately ten parts per billion,
and to reduce the one part per million residual
COz content to, say, 0.1 part per million, after
which the pH of the brine is increased from 6.0
to about 7.5.
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This scheme 1s not being recommended at this
time for the normalized plant for the follow-
ing reasons:

(1) Insufficient knowledge of the availability
of commercial-type deaerators of materials
of construction to resist the corrosive
properties of sea water at pH = 6.0 and at
temperatures in excess of 212°F.

(2) Sufficient confidence that the present type
of deaerator in the Freeport plant in its
equivalent present location can perform
satisfactorily.

The scheme Jjust mentioned should be given further
consideration for the normalized plant only if

the existing deaerator in the Freeport plant fails
to consistently maintain a level of one to two
parts per million of total COz in the effluent
brine after the recommended packing change has
been made and after the operational suggestions

of Section V-A-2 have been carried out.
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C. Deaeration Design
2. Estimate the Efficiency of Other Types of Packing

The situation to be minimized in the present
deaerator is the failure of the packing to permit
countercurrent action. The major factors to be
considered here are low resistance to gas flow
imposed by the packing per unit of packing height
and the ability of the packing to maintain good
liquid distribution. A quantitative measure of
the resistance to gas flow of a particular packing,
is the "packing-factor" C, which in turn, is a
function of the free volume. The relative gas-
flow capacities of two packings vary inversely as
the square root of the ratio of the packing factors
for equal pressure drops and liquid velocities:

w - @
Q2 Ca

Q1 and Qz represent the gas flows through the
packing per unit cross section at a given
pressure drop for two different types of
packing, respectively;

where:

Ci1 and Cz are the packing factors of the two
types of packing, respectively.

Hence, a packing with a low packing factor is de-
sirable.

Ceramic Raschig rings have poor liquid-redistribution
characteristics, and as shown in Table IV-C-IV, have
a high packing factor. Two-inch steel Pall rings
have the lowest packing factor listed and have fairly
good liquid-redistribution characteristics, but would
be subject to corrosion in this environment. The
choice would be either Maspac FN-90 of polystyrene

or polypropylene, or plastic Pall rings, with pref-
erence given to Maspac 1in view of the slightly more
favorable packing factor and the more complete know-
ledge of its liquid-redistribution characteristics.

No difficulty is foreseen with loading or flooding
of the packing in any of the proposed revised conditions
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mentioned. With the highest liquid rate, which is
26,000 pounds per hour per square foot in Case II,
the gas rate which will cause flooding is about

450 pounds per hour per square foot. This is more

than eight times as much as the expected gas rate
in the deaerator.

Difficulty might be encountered in Case II at the
packing support plate unless the latter is provided
with a large fractional free area. A "Gas Injection"
support plate is recommended. The U. S. Stoneware
Company offers a reinforced-plastic supp?rt plate
with free areas greater than 80 per cent 53).
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TABLE IV-C-IV

COMPARISON OF CERTAIN PROPERTIES
OF VARIOUS TYPES OF PACKING

Packing
Type and Size

2-in. Raschig rings -
ceramic

2-in. Raschig rings -
steel

1-1/2~in. Berl saddles -
ceramic

2-in. Intalox saddles -
ceramic

l-in. Tellerettes -
polyethylene

2-in. Pall rings -
steel

2-in. Pall rings -
plastic

2-in. Pall rings -
ceramic

3-3/4-in. Maspac FN-90
(polystyrene)

Free Surface
Volume, Packing Area,

% Factor sq ft/cu ft Ref.
75 75 28 (27)
92 57 31 (27)
75 76 4y (27)
79 42 36 (27)
87 57 N. A. (27)
94 17 37 (27)
91 24 31 (27)
T4 by 29 (52)
92 20 25 (14)
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C.

Deaeration Design

5.

Effect of Deaerator Performance on Condensation
Rates and pH of Product Water

The conditions existing inside the tubes of the
heating elements of the various evaporator effects
enable the latter to act as efficient decarbonators
and deaerators, even though the flows of brine and
steam are not countercurrent. The brine is spread
out in a thin flowing film in contact with turbu-
lent vapor. If we assume that the conditions at

the interphase area inside a tube approximate those
existing inside Raschig-ring packing, then a Kj
value can be calculated from an extrapolated Kia
value based on the data shown in Tables IV-C-II

and IV-C-III. The assumption is made that the
resistance of the liquid film is controlling. Using
this calculated K1 value, we can then compute the
amount of COp transferred from the liquid phase to
the vapor phase for various residual COs contents
and pH values of the effluent brine from the deaerator.

The calculation mentioned above was made on the bases
of': four parts per million total COz in brine leaving
deaeracor; pH of brine leaving deaerator = 6.7 measured
at 25°C and 6.05 at 232°F; brine flow to Effect I =
490,000 pounds per hour; and vapor from Effect I =
29,900 pounds per hour. The value of K, at 232°F was
calculated to be 1.77 x 10-2 pound COz per hour per
square foot per part per million COz. The conclusion
was that under the above conditions, there is enough
transfer area in Effect I to transfer between 95 per
cent and 98 per cent of the total COz from the brine
to the vapor phase.

Gravimetric COs determinations run on samples of brine
to and from Effect I and on the vapor from Effect I
are not in exact agreement with the above result. The
analytical results indicate that about half of the COz
in the brine is transferred to the vapor phase in
Effect I when the brine pH is 6.8. Whatever the value
actually is, it will not vary appreciably over a range
of initial COs concentrations, say from 0.5 per cent
to 6.0 per cent. In the following considerations the
value has been taken as half of the total amount of
COo present in the brine.

If the total weight of vapors from Effect I were con-
densed under static conditions, the liquid produced

b7
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would have an equilibrium pressure of CO»o (PCOg)
equal to about 3000 times the partial pressure of

COz in the ogiginal vapors (i.e., 0.147 atmosphere
and 47 x 10-° atmosphere, respectively, for four
parts per million COz in vaporg. Due to this fact,
the initial vapors condensing on the tubes of the
heating element of Effect I leave behind a "blanket"
or film of COz around the condensing surfaces. This
film increases in COs concentration as H>0 condensatior
proceeds as well as in thickness due to retrograde
diffusion of COs molecules. This situation continues
until the partial pressure of the COz in the film
around the condensing liquid is high enough to transfes
COz to the liquid at the same rate the COz 1s entering
the heating element. When this condition is reached,
the rate of heat transfer from the tube surface is
usually reduced to a small fraction of its normal
value by the resistance of the COz film. Unless
enough of this COs (along with Nz and Oz) is continu-
ously removed by a bleed stream, continued operation
of the condenser is impractical. The total, absolute
amount of COs and other '"non-condensables" responsible
for the "choking-off" of the heat transfer can be very
small. Hence, the quantity of non-condensables to be
removed in the bleed stream can be small, depending
upon the initial, entering concentration in the vapors
upon the total pressure, and upon the concentration
leaving in the condensed liquid.

Even though the absolute amount of non-condensables
required to be removed from a heating element can be
quite small, the quantity of steam required in the
bleed stream can be appreciable. This represents a
lowered heat efficiency of the plant. The only
information available to the Conversion Plant operatin
personnel about the flow of bleed steam 1is that when
the condensation rate decreases, the flow of bleed
steam ("vent stream") is too low. There is no way of
knowing at how much more than the correct value the
flow of bleed steam is being held.

The above considerations show how the residual COs,
and other non-condensables in the deaerator effluent
interfere with heat transfer by gas-film resistance.

The residual COz in the deaerator effluent can also

obstruct heat transfer by scale formation. If the
pH and the gross COz concentration are both sufficient
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high, then, as the brine is heated inside heat-

exchanger tubes or inside evaporator tubes, it

loses dissolved, free COs as a result of the

increase of PCOg with temperature. This, in

turn, causes a shift of equilibria in the

CO2-H20-Ca(0OH)2 system in the brine, resulting

in the precipitation of CaCOs as a scale on the

exchange surface. This process has ?SS? adequate-
2

ly discussed by McCutchan and Glater and 1is
summarized by:

Catt + 2HCOs~ — (CaCOs + CO» (g) + HzO.

No difficulty with calcium carbonate scale for-
mation should be encountered until gross CO»
concentrations of above the range of 40 parts per
million COz (= 45 parts per million CaCOs) at a
pH of 7.0 in the deaerator effluent are reached.
This ca 32? deduced from Professor Langelier's

diagram and is more fully discussed under
Section V-A-2.

The pH and the residual gross COz concentratioh

in the deaerator effluent also have a strong effect
on the pH of the product water. The exact, quan-
titative relationship cannot be developed here due
to lack of the necessary synoptic plant operating
data, including the COz concentration in the con-
densed water from each effect. A knowledge of the
CO2 partial pressure in close proximity to the
condensing surfaces of the various effects would
enable the calculation of the amount of CO2 trans-
ferred from the vapors to the condensing water in
each effect. The samples and operating data which
are available are bases for the following semi-
quantitative conclusions: (a) when the deaerator

pH is about 6.7, measured at 25°C in air, and when
its residual gross COs content is four to eight
parts per million, then between one-quarter and one-
half of the COs is transferred from the brine to the
vapors leaving Effect I; (b) under the same conditions,
about one-third of the total COz leaving the deaerator
appears in the final saline concentrate from Effect
XII; () under the same conditions, about one-third
of the total CO»> leaving the deaerator appears in
the product water as free COo.

The statement of conclusion (c) above is based on
three samples of product water to Freeport which by
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gravimetric COz analyses, showed four to eight parts
per million COs in excess of total alkalinity. Anal-
yses of samples of product water to Dow also showed
presence of free COgz.

The presence of dissolved, free COz in the product
water increases the concentration of hydrogen ion
(decreases its pH value) according to:

CO2 4+ H20 —_— H-COs

The theoretical pH values, measured at 25°C for
several concentration levels of dissolved, free COz
are listed in Table IV-C-V. The values apply to
pure water of zero alkalinity containing no other
impurities capable of hydrolyzing and dissociating.

The presence of dissolved, free COz in water creates
an environment that is especially corrosive to plain
steels for a combination of three reasons. The in-
crease in hydrogen-ion concentration permits the
oxidation of the base metal at an increased rate:

Fe© + 2HTW —» TFe't

+ Hb»o

The lower hydroxyl-ion concentration permits attack
by any dissolved Oz to proceed at an increased rate
by lowering the concentration of the cathodic re-
action product:

Oz + 2H20 —=—» 4OH™ - 2e~

The nature of the corrosion product, either Fe(HCOsz)s,
Fes04, or a mixture of both, is of such physical con-
sistency that it fails to protect the anodic areas
and thus maintains favorable reaction kinetics (see
Section V-B-1-b).

The foregoing considerations regarding dissolved free
COz in fresh water, also apply to the brine. If, because
of poor deaerator efficiency, the residual COs content
exceeds the alkalinity maintained in the deaerator
effluent, appreciable quantities of free COz may exist
in the brine.

A single sample obtained of the vapors from Effect I

showed an order of magnitude value of 0.6 part per
million by weight of elemental hydrogen, as determined
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TABLE IV-C-V

VARTATION OF pH OF FRESH WATER
WITH COz CONTENTZ

Free COp, HCO3, Total COso, pH
ppm _ppm _ ppm in situ at 25°C
0.5 0. 09 0.59 5.61
1.0 0.13 1.13 5. 48
2.0 0.19 2.19 5. 34
4.0 0.27 4,27 5.19
8.0 0. 39 8.39 5. 04
16.0 0. 54 16. 54 4. 89

1Calculated from values for Ki presented by Hamer, et al(

51



SECTION IV. GENERAL PLANT DESIGN

by vapor-phase chromatographic analyses. The vapor
rate from Effect I vapor body at the time the sample
was obtained was approximately 20,000 pounds per

hour. These figures indicate there is approximately
0.288 pounds of hydrogen generated per day between
the deaerator and the vapor outlet from Effect I. If
the only source of this hydrogen is hydrogen ion
attack on steel, then as much as eight pounds of iron
per day is being corroded by hydrogen-ion attack
between the deaerator and the outlet to Effect I.
Elemental hydrogen was also present in the vent streams
from Effect II and Effect III. If the residue of the
magnesium anodes installed during March, 1964 in
certain of the heat exchangers was still active at

the time of sampling, the corrosion rate of the steel
surface involved will not be quantitatively equivalent
to the amount of hydrogen detected.

The installation of impressed-current anodes in the
head space of the 300-series heat exchangers will
minimize corrosive attack on the heads and tube-sheets
by the hot brine. A reduction in the rate of corrosion
will result from their use regardless of the value of
the existing rate.

If, as indicated by Langelier's diagrams(Bg), the pH
of the effluent brine from the deaerator could be
maintained at, say 7.6 instead of at the present 6.7,
then a threefold advantage would result: the corrosion
rate in the entire brine system would be lowered; the
product water would be rendered less corrosive; a

very slight improvement in heat efficiency would be
obtained as a result of a decrease in the required vent
stream rates.
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C. Deaeration Design

Y, Availability of Commercial or Standard Deaerators

a. Conclusions

(1) Commercial deaerators of standardized
design are available from manufacturers
of power-house equipment in the water-
rate size in question to deoxygenate
fresh water to levels of 0.007 part
per million of dissolved Os. However,
they are not immediately adaptable to
the existing Freeport Conversion Plant
or to the normalized plant for the
following reasons:

(a) The type guaranteed to reduce the
dissolved Oz content to seven parts
per billion is designed to employ
stripping steam at above-atmospheric
pressures.

(b) The type guaranteed to reduce the
dissolved Oz content to seven parts
per billion would have to undergo
considerable revision in materials
of construction to withstand the
corrosive properties of hot sea
water at four pH.

(c) No information is available from
manufacturers about the decarbonating
efficiency at the high concentration
levels of free CO- in the inlet brine
in question.

(2) Three manufacturers of deaerators of the
steam-jet "tray-type" were asked to submit
modified designs and to quote approximate
prices of lined deaerators. All three felt
that their knowledge of the performance of
this® type of deaerator under the conditions
in quéstion was insufficient to permit
either a performance assurance or a defin-
itive price quotation. All three agreed
that the additional cost to line the deaerator
would be considerable.
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(3) A standardized vacuum deaerator is com-
mercially available in sizes to handle
the brine flows in question. These are
of the same general type as the existing
deaerator in the Freeport plant. Their
installed cost is in the same range as
that of the Freeport deaerator, and the
guaranteed O- content of the effluent is
not as low as for the tray type.

b. Discussion

Commercial deaerators used in the steam-power
industry are of two general types: vacuum and
steam-jet "tray" type. The vacuum type consists
physically of a vertical cylindrical tower,
usually packed either with Raschig rings or
slats. The feed water is sprayed through a
nozzle into the top of the tower and passes

down over the packing. A vacuum of 28 to 29
inches of Hg is usually employed. Steam may

be injected into the base of the tower. Its
action depends upon lowering the partial pres-
sure of Oz in the atmosphere of the tower to a
low value. The packing is employed to provide
more exchange surface than the surface area of
the spray droplets affords. This type of
deaerator offers little possibility for counter-
current action. The Os concentration in the
deaerated effluent is usually in the 0.2 to 0.4
part per million range when operating at 28.5
inches of Hg vacuum and ambient temperature.

The steam-jet, tray-type deaerator actually
embodies two types: the steam-jet atomization,
and the tray design. This type operates at
above-atmospheric pressure and at temperatures
near saturation. The inlet water is jet-atomized
into a steam atmosphere where it loses most of
its dissolved Op through the surface of the
atomized droplets. The water then passes over

a series of horizontal, staggered trays, counter-
current to the flow of fresh steam. Here,
conditions permit countercurrent action, or
"staging", so that the 0z content can be reduced
to lower values than with the vacuum deaerator.
Oxygen levels as low as five to seven parts per
billion are claimed for this type of deaerator.
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The steam inlet and exhaust connections in the
tray-type deaerator are sized for super-atmo-
spheric steam, as is the space between the trays.
The pressure drop across the nozzle of the atom-

izer 1s usually greater than 0.5 pound per square
inch.

Table IV-C-VI compares design and operating con-
ditions of the deaerator of the Freeport Conversion
Plant with a commercially available, standardized,
vacuum deaerator operating in a power house.
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TABLE IV-C-VI

COMPARISON OF DEAERATOR AT FREEPORT CONVERSION PLANT
WITH COMMERCIALLY AVAILABLE VACUUM DEAERATOR

Freeport
Conversion
Plant

Total Height, ft 42
Diameter, ft 6
Total Volume, cu ft 1,160
Cross Sectional Area, sq ft 28
Packed Height, ft 16
Type Packing Rings
Volume of Packing, cu ft 441
Total Water Flow, gpm 1, 000
Wetting Rate, gpm/sq ft 36
gpm/cu £t Packing 2.26
Operating Pressure, psia 1.5
Liquid Temperature, °F 122
Steam Temperature, OF 126
Oz in Inlet Water, ppm 7 to 8
O in Outlet Water, ppm 0.01
Installed Cost $20, 000
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Commercigl
Unit

2

j?
925
38
12
Rings
462
1,200
31
3.12
0.75
75

None used
7 to 8
0.10

$20, 000
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Deaeration Design

5.

Recommendation for Future Research on Deaeration
and Decarbonation

a.

The present investigation has revealed that
although adequate design data exists in the
literature for desorbing Oz and CO, from water
by air, no data could be found for desorbing

Oz and COz from water with steam. Conditions
for desorbing with steam are apparently more
favorable than can be predicted from air strip-
ping data. It is recommended that basic design
data for deaerating and decarbonating sea water
by the use of steam be obtained experimentally.

Certain repetitive mathematical processes are
necessary in computing both equilibrium con-
ditions and reaction rates when only incomplete
terminal conditions are known. It is recom-
mended that computer programs be established
for solving the mathematical expressions
necessary for computing equilibrium conditions
and mass~transfer rates in the system: sea
water - COp.
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D.

Evaporator Design

1.

Effect of Tube Diameter

The over-all heat-transfer coefficients calculated
for various tube diameters and lengths are compared
in Figure IV-D-1 to the clean over-all coefficient
for two-inch, 24-foot tubes for each effect. The
over-all coefficients were computed by Houston
Research Institute, Inc. (HRI) using the fouling
factors as indicated on page 17 of Appendix A. The
effect that changing the tube diameter and length
has on the heat-transfer area requirements is
presented on page 36 of Appendix A. The heat flux
for various tube sizes as a function of effect
number, Figure IV-D-2, was taken from HRI results.
This figure indicates that from a heat-transfer
consideration, the two-inch, 24-foot tube is the
best selection for the first eleven effects and
that a larger tube would be favored in Effect XII.
However, economic evaluation of the effects with
various tubes indicates that there is no advantage
in changing to the larger tube sizes. TFor the
present plant operation, Effect XII with two-inch
or four-inch, 24-foot tubes was estimated at

$35, 000 while with three- inch, 20-foot tubes it
would cost $36,900. The estimates for the cost of
Effect XII for the 300°F operation were, with two-
inch, 24%-foot tubes, $51,700; with four-inch, 24-
foot tubes, $55,600; and with three- inch, 20-foot
tubes, $58,300. The cost figures given above are
for the vessel constructed and delivered to the
site but not installed.



TABLE IV-D-I
EVAPORATOR DESIGN COMPARISON

Area, sq 2

Effect Present Proposed Plantsi Normalizeda2
No. Plant 275°F 3000F Plant
T 6,154 6,841 7,944 5,313
1T 5,865 4,722 5, 484 3,768
I1T 5,865 4,461 5,174 3,768
IV 4,810 4,309 5, 004 3,768
W 5,338 4,195 4,872 3,768
VI 6,719 4,293 4,985 5,768
VII 5,338 4,254 4,940 3,768
VIII 6,154 4,300 4,994 3, 768
IX 5,865 4,74y 5,509 3,768
X 5,338 5,529 6,189 3,768
XTI 6,983 6,787 7,882 5,313
XII 7,033 8,942 10,384 6,556

lRequired area based on heat load for effect
2Design area '
3A11 cases used 2-inch, 24-foot, 16-BWG tubes
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D.

Evaporator Design

2.

Effect of Recirculation

A study was made by HRI, (page 45 of Appendix A)
to determine the effect of recirculation on the
required heat-transfer area in Effects I and XII.
In Effect I, recirculation of the brine was found
to produce a slight reduction in area requirement.
However, this reduction was not large enough to
Justify any change in operation. Brine recircu-
lation in Effect XII increased the required heat-
transfer area. The recirculation of brine in
Effect XIT also increases the pump requirement

and operating cost of the plant. There is no
justification for recirculation from economic or
heat-transfer considerations. Justification for
recirculation must be on the basis of scale pre-
vention. The brine-feed distribution was improved
by recirculation, but it is believed that the weir
inserts can handle the distribution without the
recirculation.
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D.

Evaporator Design

5.

Influence of Maldistribution

The influence of maldistribution, (page 46 of
Appendix A) was found to be more critical in
Effect XII than in Effect I. An average tube
effluent of 90 per cent saturation reached
saturation with 40 per cent of normal flow
through a tube in Effect I while saturation
would be reached with 60 per cent of normal
flow through a tube in Effect XII. The dis-
tributor plates used at present in the plant
when operating without plugged areas seems to
be an adequate solution to the problem. The
addition of weir inserts give added assurance
of good distribution even when areas of the
plates are plugged off.
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D. Evaporator Design
4., Recommendation
From this study, it is believed that additional

work should be undertaken to determine the
optimum height and configuration for the weirs.
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E.

Entrainment-Separator Design

1.

Evaluation of Performance of Existing Separators

The purpose of an evaporator-effect separator is to
provide for the removal of liquid droplets from the
vapor produced. The liquid droplets may become
entrained in the vapor passing down through the tube
center because of: a rough tube entrance section
resulting in liquid being thrown into the center
vapor space; an extremely rapid, localized boiling
rate; and an excessively high relative velocity
between vapor and liquid in two-phase flow result-
ing in droplets being sheared from the falling film.

The third cause may be heightened by scaling of the
tube.

The chief faults of entrained brine in saline-water
evaporation are product contamination and increased
corrosion in product-water lines. The U. S. Public
Health Service's suggested maximum dissolved solids
content of water for human consumption is 500 parts
per million.

The separators in the Freeport plant reduce brine
entrainment by passage of the vapor-liquid mixture
into an enlarged shell below the tubes. The re-
sulting reduction in vapor velocity permits droplets
to settle out by gravity. As the vapor turns 130
degrees to pass to the next effect, the droplets are
separated by inertia from the vapor. The dimensions
of the separator bodies are shown in Figure IV-El-1
on the following page.

Brine entrainment in Freeport-plant product vapor is
monitored by reading the electrical conductivity of
the combined condensate from each set of steam chest
and 300-series condenser. This 1s related to salinity
by a curve furnished by Industrial Instruments, Inc.
It gives the salinity in the range 2.0 to 40 parts

per million as O.69g times the specific conductance

in micro-mhos at 20°C. Plant instrumentation includes
correction for condensate temperature. Available
curves of the specific conductance of aqueous NaCl
gsolutions remain linear in the 1.0 to 300 parts per
million range, so it is 1likely the sea-water curve
could be extended to this concentration also.
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FIG. IV-E1-1
SEPARATOR DIMENSIONS

D H d h

Effect  * Cylindrical  Cylindrical Vapor Vapor
| 10 10 24 4.52
Il 10 10 24 4.81
i 10 10 24 4.29
v 10 10 24 5.83
v 10 10 24 5.83
Vi 10 10 24 5.83
vii 10 10 26 5.65
Vil 12 8. 28 6.47
IX 12 8 32 6.47
X 14 6 34 5.33
X1 16 6 36 7.10
X1l 18 6 42 8.49
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The conductivity of the product from each effect

and the Dow and Freeport municipal product water

is logged at four-hour intervals. A review of

plant data taken over the past 15 months indicates
the present separators are performing satisfactorily.
Product from each of the first nine effects has run
below seven parts per million consistently. Effect X
product has run about 16 parts per million and Effect
XI product consistently below four parts per million.
Effect XII product varied from seven parts per million
to over 250 parts per million during the May 28, 1963,
maximum-production run in which severe scaling of the
effect occurred. It can be kept well below 100 parts
per million providing the tubes are not allowed to
become scaled.

Presentation of the typical vapor velocities in the
separators helps to explain the above data. From
the March 19, 1964 run, on which Figure III-A-1, the
present plant heat and material balance was based,

we find:
Superficial Vapor Velocity,
ft/sec

Effect Vapor Produced, Separator Annulus Around
Number 1b/hr Shell Effect Shell

T 27,948 1.88 2. 74

IT 28,619 2.18 3.18

111 27,526 2.51 3. 66

v 26, 095 2.72 3.96

\Y 25, 220 3.12 4,55

VI 24,748 5.59 5.23

VIT 24,117 4, 29 6. 25

VII. 26,608 h.14 5.30

IX 26, 823 5.32 6.81

X 26, 456 5.33 6. 35

XTI 23,181 4,34 4,95

XII 23,618 5.82 o. 45

This reveals where the changes in separator diameter
occur. It also shows that the increase in separator
diameter for Effect XI more than compensated for the
increase in vapor specific volume and resulted in
purer product than that from either Effect X or XII.
It should be kept in mind that the result of a given
amount of liquid entrainment becomes progressively
worse from the first to the last effect because of
the increasing brine concentration.
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An article by A. D. Scheiman(4o> provided another
standard to which the effect separators could be
compared. Data from the March 19, 1964 balance
was required to calculate the vapor volumetric
flow rate. Densities of the vapor and liquid
streams were based on saturated vapor at the vapor
head temperature and the brine samples taken. The
suggested vapor velocity ratio value of 0. 44 was
used. The vapor rate for the last three cases
exceeded the nomograph scale, so the diameter had
to be calculated by the equation on which the nomo-
graph was based.

Present Plant Separator

Diameter from Shell Vapor Annulus
Effect Nomograph, Diameter, Hydraulic Radius,
Separator ft ft ft
VIT 8.8 10.0 6.9
IX 10.3 12.0 9.4
X1 10.8 16.0 14.0
XII 12.4 18.0 16.3

In summary, the plant was designed to produce the
one million gallons per day at less than 50 parts
per million dissolved solids. It now easily pro-
duces water at less than half this wvalue, and the
present separators should be adequate for modest

production increases.
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SECTION IV. GENERAL PLANT DESIGN

E. Entrainment-Separator Design

2. Comparison of Existing Type and Wire-Mesh Type
Separators

When the upward velocity of a vapor is too high to
permit entrained droplets to separate by gravity,
wire-mesh mist eliminators are beneficial. The
dyoplets impinge upon the strands and flow down to
wire junctions which act as gathering points. There
they combine into larger drops which can fall free.

The previous section presents evidence that the
entrainment separation being achieved by the plant
separators is more than adequate. The possibility
remains that the use of knitted-wire-mesh mist
eliminators would permit a reduction in separator-
shell size. Dow experience shows that provision
should be made in such an installation to period-
ically spray wash the mesh to avoid excessive
pressure drop due to fouling. The capital saved by
separator-shell-diameter reduction thus must be
balanced against not only the wire-mesh cost, but
also the additional hardware and operating cost for
periodic spray washing.

The calculation of an equivalent reduced-diameter,
mist-eliminator-equipped separator was ?aﬁ d on an
article by 0. H. York and E. W. Poppele 5%). The
paper presented the effect of liquid entrainment on
allowable gas velocity. From the March 19, 1964
data, the product-water conductivity, brine-con-
centration factor, and densities of the wvapor and
brine were used to calculate the liquid-entrainment
load. The load was low enough in all cases to give
an allowable vapor velocity ratio of 0.4. 1In addition
to the liquid and vapor properties, the allowable
velocity ratio contained the void fraction and
specific surface area of the mesh style under con-
sideration. Curves were also presented from which
the total pressure drop across the mesh, considering
both the dry mesh and the liquid load, could be
determined.

Table IV-E-I lists the results of the calculations.
York Mesh Style 421 has over twice the specific

surface of Style 931 and so provides better separation.
Style 931 is designed for operation where the entrain-
men is especially dirty or viscous, or where the liquid
entrainment load is high.
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SECTION IV. GENERAL PLANT DESIGN

The allowable velocity with wire-mesh mist-eliminator
use 1is frequently given as:

V = K{P&.-e‘:]l/g

@
where:
Q.= liquid density, 1b/cu ft
Q;= gas density, 1b/cu ft
K = a constant (0.35 in all usual applications)

V = allowable velocity, ft/sec

The more involved procedure presented in the York-and-
Poppele paper was followed in this report since the
value of K for the vacuum conditions in the separator
was uncertain. Back calculation revealed that an
equivalent K varied from 0.359 to 0.342 from separator
IX through separator XII conditions for Mesh Style 421,
and similarly from 0.565 to 0.539 for Mesh Style 931.
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SECTION IV. GENERAL PLANT DESIGN

E.

Entrainment-Separator Design

3.

Economic Comparison of Separator Types

The maximum allowable vapor velocity from Table
IV-E-I was used to calculate the minimum separator
diameter permissible. Diameter calculations took
into account the 2-1/2-inch wide wire-mesh support
rings originally built into the separator and tube-
shell circumference. The reduced-diameter separator
cost was based on the use of a six-inch thickness of
York Mesh Style 421, which would provide the best
entrainment removal. Present separator height was
maintained since the present vapor-annulus height
was vefx Slose to the disengaging height recom-
mended\%0). Monel mesh and spray-washing hardware
material were specified. The fabricated costs are:

Present Reduced
Separator Diameter, Separator Diameter, Separator
Number ft Cost ft Cost
IX 12 $ 7,170 8.67 $ 7,800
X 14 9,770 N -
XI 16 12,320 8.93 7,860
XIT 18 15, 850 9.58 8,370

The wire mesh with its top and bottom grid comprised
about $1000 of the cost of the reduced-diameter cases.
Changing to the more open York Mesh Style 931 would
reduce the cost by $470.

The reduced-diameter separator purchased cost becomes
the more favorable one after Effect IX.
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SECTION IV. GENERAL PLANT DESIGN

E. Entrainment-Separator Design
4. Conclusions and Recommendations

Though the capital cost estimates favor the use of
wire-mesh mist eliminators in the last three
separators 1f a new plant were built similar to

the Freeport plant, the additional operating costs
are difficult to estimate because of the uncertainty
of the amount of fouling likely to occur. This
would determine the washing-water usage, frequency,
and whether a plant shut-down would be required to
accomplish adequate washing.

Some observations concerning wire-mesh mist elimi-
nator usage in saline-water evaporation were obtained.
Wire mesh was apparently used successfully in the

San Diego multistage, flash demonstration plant in
which the entrained brine was about 1.7 times normal
sea-water concentration. /Difficulty has been experienced
with gravity separator at the Roswell, New Mexico vapor com-
pression plant, which was corrected by wire-mech mist eliminator.
Dissolved solids is about 6%. Dissolved-solids contents of

this brine is also about 1.7 times normal sea water but the
elemental composition is differen§£;7

Observation of the Effect XII separator interior is
best accomplished by shining a light through an obser-
vation port in the top 45-degree section of the body,
and looking through another port in the vertical side.
The top port glass is continuously washed with vapor
and entrained brine, and only temporary heat from the
light is sufficient to cause formation of an opaque
film on the glass. Heavy salt deposits are observed
on the tube shell at each shutdown. Since the shell
contains the hotter steam from the previous effect,
the deposit probably forms simply from the evaporation
to dryness of entrained brine. The inner perimeter

of a wire-mesh pad would be directly supported by this
hotter tube shell.

Due to the above considerations, 1t is recommended
that only the simpler and more trouble-free velocity-
reduction type separators be used in LTV evaporation
plants.

13



SECTION IV. GENERAL PLANT DESIGN

Only Effect XII shows any indication of possible
excessive entrainment at higher production rates.
Should this occur, the support rings built into

each separator body should permit easy installation
of a wire-mesh pad for trial operation. The coarser-
woven York Style 931 in monel is recommended for
this service.
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SECTION IV. GENERAL PLANT DESIGN

Utilization of High-Pressure Steam Energy

The requirements of Effect I for the revised plant
operations have eliminated the feasibility of using
the high-pressure steam in any turbine-driven machine.
The requirement of Effect I and the available steam
is shown in Table IV-F-~I. The steam available to the
plant is 150-pound steam and is the same as would be
available to the revised plants. Since the normalized
plant has to produce its steam and is operating with

the 300°F conditions in Effect I, other forms of energy
are more economical for mechanical work.
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TABLE IV-F-I

STEAM ENERGY UTILIZATION

Steam Required
to Effect T

Temperature, OF
Pressure, psia
Flow, 1lb/hr

Steam Guaranteed
to Plant

Temperature, OF
Pressure, psig

Operation
Present 275CF 300CF
241 288 316
25. 427 55. 8 84.7
31, 250 L), 868 56, 347
490 490 490
150 150 150
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SECTION IV. GENERAL PLANT DESIGN

G. Materials of Construction and Corrosion
1. Heat Exchangers
a. Non-Ferrous Tubing

A Probolog was employed to evaluate the tubing.
It is an eddy-current device which senses pits,
holes, cracks, and changes in the tube-wall
thickness. With one exception, the tubing is

in good shape. This is heat exchanger 215
receiving raw sea water at ambient temperature.
The tubes are aluminum brass. They are severe-
ly pitted on the first pass near the inlet nozzle,
and these tubes will probably have to be replaced
within six to 24 months. There is pitting in
both passes and it is estimated that complete
retubing will be required in three to four years.
The pitting is caused by marine bio-fouling.
Downstream of this unit, water temperatures are
high enough to kill the fouling organisms.

There are three methods by which this fouling can
be controlled: continuous chlorination to a
chlorine residual of one-half part per million

as determined by methyl-orange titration; periodic
heating to 150°F or more obtained by temporary
shutdown or crossover piping with a hotter down-
stream heat exchanger; and retubing with copper.

There are serious objections to chlorination.
Water velocity in this unit is reported to be
about 1.5 feet per second. Copper will maintain
a protective film in ambient sea water up to two
feet per second. 'If copper is considered, a few
experimental tubes should be installed to make
certain that copper will withstand the operating
conditions.

Other heat exchangers Probologed were 301, 304,
311, 201, 211, and 214. These included Admiralty,
aluminum brass, and 90:10 cupro-nickel. They were
all in very good condition.

b. Discussion

Dow experience with aluminum brass and 90:10
cupro-nickel gives a 1life of 11 to 15 years.
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GENERAL PLANT DESIGN

There is no general thinning or attack. The
greatest single cause of failure is the lodge-
ment of shell fragments or other foreign bodies
in the tubes. This creates local turbulence
which destroys the protective film and causes
perforation. Some shell fragments, small crabs,
etc., were noted on the top tube sheets. There
were also large thick flakes of rust from the
piping and water boxes. Plant experience indi-
cates that these interfere with operations and
could cause trouble when lodged in a tube.

Steel Water Boxes

The water-box shells are corroding rapidly and
dividing plates have to be renewed from time to
time. This corrosion and that of the tube sheets
can be completely and permanently arrested with
impressed current. In general the water temper-
ature is too high to make magnesium anodes
practical. Impressed-current anodes of platinized
titanium or titanium tipped with carbon or Duri-
chlor Alloy are inexpensive and practical. Those
used by Dow cost $6.00 each for materials and are
easily assembled by any mechanic. They consist
simply of a 1/4-inch diameter titanium rod ten
inches long potted with epoxy resin into a 1-1/2-
inch by one-inch pipe swage which is threaded
into the vessel wall. The titanium rod is tipped
with a one-inch diameter piece of Durichlor 2-1/2-
inch long. Corrosion-engineering firms in Houston
can, of course, supply all the necessary equipment
and design. In addition to permanently protecting
the water boxes and tube sheets, this will elim-

inate part of the rust-flake problem.

If impressed current is employed, all insulating
gaskets now in the system must be removed. Cur-
rently they are serving no useful purpose. If
they are not removed, there will be severe cor-
rosion next to the gasket on the side nearest to
the current source.
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GENERAL PLANT DESIGN

G. Materials of Construction and Corrosion

2. Evaporators

a.

Non-~-Ferrous Tubes

Tubes in the first four effects were Probologed.
The aluminum-brass tubes in Effect I were in
"like-new" condition. Some experimental Type
304 stainless tubes in this effect showed moderate
to severe pitting. This would be expected. The
Admiralty tubes in Effect II showed some very
slight pitting and some superficial layer-type
dezincification. Aluminum brass in Effect III
was 1in excellent condition. Probolog tapes on
the 90:10 cupro-nickel indicated some pitting.
Pitting in this effect was most unexpected. Re-
moval of two tubes for metallurgical examination
showed that the "pits" were actually dents and
bruises of mechanical origin.

Steel, Upper Water Box

The thickness of selected portions, Table IV-G-2-1,
were measured. The top water box and brine piping
are suffering severe corrosion. Cathodic pro-
tecticn will not be effective in the top water box
since the box is not full and its lower portion is
masked by the distributor plate. The designers
corrosion allowance of ten per cent has already
been exceeded.

An investigation of coatings suitable for this
service produced three (based on manufacturers'
recommendations): Napko S 1670 S.T.P. Bakeline
Phenolic, Carboline Phenoline 368, and Amercoat
D-4 overcoated with 1741. Applied cost is esti-
mated at $1.50 to $2.00 per square foot. Laboratory
tests conducted by Dow indicate a life for these
coatings of three to 12 months, depending on
temperature. It would obviously be cheaper to
replace this portion of the evaporators every
three years than to employ these coating syvstems.
This could probably be done for $2.00 per square
foot. Coal-tar epoxies were considered but they
will impart taste and color to the water.
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c. Steel, Upper Tube Sheet

Severe pitting is occurring under the holes in
the distributor plate. When measured in May,
1964, the loss in thickness amounted to about
1/4 inch. This corrosion will accelerate
because of the recent installation of copper
weir inserts into the top of the tubes. It
will be further accelerated as corrosion lays
bare the rolled-in portion of the tubes. These
copper inserts preclude the application of im-
pressed current below the distributor plate.
An anode will protect only "what it can see'.

A protective coating or "puttying up" the deep
pits with some kind of mastic is not deemed
advisable. In order to be successful, such an
attempt would have to be 100 per cent perfect
and near-perfection would be disastrous. All
of the galvanic corrosion would be concentrated
on any unprotected spots.

d. Weir Inserts in Top Water Box

In normally aerated sea water, crevice corrosion
between the insert and the tube wall would occur.
None was observed, doubtlessly caused by the low
Oz content of the water. This situation should
be watched, however.
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TABLE IV-G-2-1I

THICKNESS MEASUREMELT OF
SELECTED PORTIONS OF FOUR EFFECTS

EFFECT I
Orig. Nominal Lowest
Thickness Reading
Top Water-Box Side Wall 0.375 0. 280
Separator Top 0.70 0.710
Separator Side Wall 0. 562 0.552
Bottom Cone Above Manway Neck 0.75 0.73
Manway Neck 0.50 0. 49
8-in. Brine Discharge Weld Neck 1.125 0.900
EFFECT II
Top Water-Box Side Wall 0.375 0. %22
Top Tube Sheet 2.75 2.56
FEFFECT II1
Top Water-Box Side Wall 0.375 0. 248
EFFECT XII
Bottom Cone Above Manway Neck 0. 625 0.620
Manway Neck 0.50 0. 50
8-in. Brine Discharge Weld Neck 1.125 0.916
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G. Materials of Construction and Corrosion

5.

Piping

First perforation occurs in 18 to 36 months depend-
ing on temperature, turbulence in elbows, e.c. In
addition to shutdowns, operational trouble 1is caused
by rust flakes and, as explained earlier, lodgement
of these flakes in heat-exchanger tubes can cause
some pressure drop.

Some test spools of reinforced plastic are in ope-
ration. There is serious objection to reinforced
plastic due to its sensitivity to water hammer. This,
together with its cost (three to five times that of
steel), does not make it an attractive solution.

The condition of the 90:10 cupro-nickel tubes in the
evaporators and heat exchangers clearly demonstrates
that it would be a suitable piping material. How-
ever, when the cost of ten-gauge cupro-nickel is
compared with that of steel, it was found to be about
four times as expensive. The sea water and brine
lines could be installed for $60,000 using steel pipe
while the cost of installed 90:10 cupro-nickel pipe
would be $242, 000.

The non-ferrous alloys, including cupro-nickel, are
subject to deposit attack, a form of Oz-concentration
cell corrosion. In handling normally aerated sea
water, 1t is necessary to maintain a velocity of five
feet per second to avoid deposit attack. It 1s not
knownt whether this would occur, or to what extent,
downstream of the deaerator.

82



SECTION IV. GENERAL PLANT DESIGN

G. Materials of Construction and Corrosion

4.

Pumps

Cavitation attack is a combination of mechanical
and corrosion effects. The collapsing force of
the bubbles has been estimated to be in the order
of 50,000 to 60,000 pounds per square inch. This
is sufficient to destroy the protective film on
most metals. Without a film, corrosion can be
very rapid. The instantaneous corrosion rate of
bare iron in sea water has been estimated at one
inch per year. Cavitation attack can be stopped
or greatly reduced by cathodic protection but it
is not very practical to apply it to pump impellers.

In cavitation tests in sea water, Cr-Ni stainless
steel has proved itself to be superior to all other
materials commonly available for pump impellers.
Dow has standardized on 19-9 extra-low-carbon stain-
less steel and now has ten years' successful
experience with it. (ASTM A 296 Grade CF8 extra-
low carbon) It is greatly superior to Ni-Resist
cast 1ron. The 19-9 is recommended for ambient sea
water and for temperatures up to 120°F. Above this
temperature it is believed that stress corrosion
cracking will be a problem.

ASTM Specification A 296 Grade CN-7M (commonly known
as "20 Alloy") is more resistant to stress-corrosion
cracking than the other stainless steels, but it is
not immune. It might be useful up to 200°F and
would have better cavitation resistance than Monel
Alloy 505, formerly known as S Monel, or [Ni-Resist
cast iron. Both stainless alloys can be repaired

by welding.

Monel Alloy 505 should be used above 200YF. It is

immune to stress-corrosion cracking. It is more
resistant to cavitation attack than lii-Resist but
somewhat less so than the stainless steels. It

cannot be welded.

Failures of the Monel shafts have not been a serious
problem, but some trouble can be expected from cor-
rosion-fatigue. This is brought about by imbalance
of the impellers or hydraulic imbalance resulting
from local corrosion of the casing. It has been
Dow's experience that pump-shaft materials must
combine a high yield strength and corrosion resis-
tance. The ideal material is Monel Alloy K 500,
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and it was standard with Dow for many years. Ex-
tended and uncertain deliveries-led to the trial
and ultimate adoption of Armco 17-4 PH Temper H
1075 stainless steel, which has proved quite satis-
factory. As the Monel shafts fail, replacement
with this material is recommended for temperatures
up to 200°F. Above this temperature, Monel Alloy
K 500 is recommended for use with Monel Alloy 505
impellers.
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G. Materials of Construction and Corrosion

5.

General

The test-coupon survey made by the International
Nickel Company with a variety of metals and alloys
in general parallels actual experience in the
Freeport Demonstration Plant and also parallels

Dow experience. In this connection it should be
pointed out that while type 304 stainless steel
pitted severely, such behavior would not occur
under the high velocity and turbulence incident

to pump-impeller service. The unique combination
of corrosion resistance and capacity to work-harden
make the Cr-Ni stainless steels outstanding in resis-
tance to cavitation attack in sea water.
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G. Materials of Construction and Corrosion
6. Recommendations

Non-ferrous tubing in heat exchangers and evapo-
rators 1s in excellent condition except in heat
exchanger 215, where some damage has been caused
by bio-fouling. Trial replacement with copper
is recommended.

The heat-exchanger water boxes can be permanently
protected with impressed current. This is recom-
mended. Insulating gaskets should be removed 1if
impressed current is employed. They are serving
no useful purpose.

The evaporator top water boxes are suffering
severe corrosion. Replacement of the walls, as
necessary, appears to be the most economical
expedient.

Pumps: 19-9 ELC stainless steel 1s recommended
for impellers up to 120°F, "20 Alloy" stainless
steel from 120°F to 200°F, Monel Alloy 505 over
200°F; pump shafts, Armco 17-4 PH Temper H 1075
for use with stainless impellers, and Monel Alloy
K 500 for use with Monel Alloy 505 impellers.

Piping: It is more economical to replace the steel
piping in the sea-water and brine lines, than to
install 90:10 cupro-nickel pipe with a 1life of
three to five times that of steel, but costing four
times as much.
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Mechanical Equipment Design

1.

Description of Mechanical Equipment Constructior
and Design

The pump tabulations contained in Tables IV-H-I
through IV-H-IV constitute the bulk of this
section. Pump requirements for the various
conditions of design have been tabulated for
comparison with existing equipment. Table IV-H-I
lists all of the existing pumps in service.

a,o

Pumps P-1 and P-2

These pumps are Johnston vertical-type, two-
stage, impeller pumps. During the first two
years of operation, cavitation erosion of the
impellers has occurred. The size of these
pumps, however, appears to be adequate for
any of the various conditions of flow, and
only the impeller material will need to be
changed.

Deaerator Pump P-3

This pump 1s a Goulds Model 3755 and appears
adequate for all cornditior.s of flow. The
original lli-Resist impellers, although not
recommended for sea-water and brine service,
have not experienced any severe maintenance
problems. We do recommend that this impeller
be changed, and also that this pump be spared,
as it is a critical item.

Deaerator Pump P-4, P-5, and P-5A

Considerable difficulties have been a continu-

ing history of these pumps. It is our opinion
that the particular problem of the cavitaticn
caused by insufficient net positive suction

head accounts for the vast majority of the
troubles encountered with these impellers. The
new P-5A, which has bteen installed since the

plant was originally constructed, is a Worthington
canned-type pump, but it is still rated as unsatis-
factory, even at the existing plant conditions.

In terms of capacity, this existing pump is
adequate only for the increased flow at the 2750F
Effect I temperature; but to satisfactorily ope-
rate in this service, we recommend that the longer
can be installed on this existing pump.
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d. Brine Pumps, P-11 through P-22

The Goulds Model 3189 pump, originally speci-
fied, is not the ideal pump for application as

a brine pump in continuous operation. It can-
not be equipped with a shaft sleeve, a desirable
feature for this service. It should also be
noted that the manufacturer limits the operating
temgerature of this pump to 180°F without cooling,
220°F with quench-gland cooling, and only 250°CF
with a water-cooled frame. At lower rated heads,
all but P-11 and P-12 could possibly be utilized
in the plant with an Effect I temperature of
275°F. Beyond that, the number of pumps that
could be utilized diminishes to the point where
it is more advantageous to have all pumps of the
same model than to have two or three Model 3189's
in the group of Model 3755's, or their equivalent.

e. Condensate Pumps

As all proposed alternate processes eliminate the
need for a condensate pump for each effect, a
discussion of this group of pumps is not necessary.
A much larger P-41 is necessary, however, to handle
the combined condensate streams.

f. Product Pumps P-44, P-50, and P-51
All of these pumps are of adequate design for

their application. The impeller material is also
suitable.
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SECTION IV.

H.

GEIIERAL PLANT DESIGIH

Mechanical Equipment Design

2.

Technical Evaluation

aa

General

The major considerations in the evaluation of

all pumps with relation to their application
under the various conditions of flow were as
follows: net positive suction head requiremerits,
choice of material for the impeller, head capac-
ity requirements, and desirability of other
improved mechanical features such as shaft sleeves
and mechanical seals.

It should be noted that all new pump costs in-
clude appropriately chosen mechanical seals.

Pumps in Sea-water Service, P-1, P-2, P-3, and
P-5A

As stated previously, Ni-Resist impellers are

not suitable for this service due to their sus-
ceptibility to cavitation erosion. Otherwise,
P-1, P-2, and P-3 have adequate head capacity
curves for all conditions of flow in the various
process alternatives. On the other hand, P-5A
meets with some difficulty. TFor the first higher
condition of flow (275°F Effect I temperature)
represented irn Table IV-H-II, the net positive
suction head capability of the pump is inadequate,
and 1t is recommended to extend the can an extra
three feet for more available suction head. Con-
sidering P-% is an unspared critical item in the
process, it should be spared.

Brine Pumps, P-11 through P-22

The material for the impellers in these pumps
must be either Monel 505 or Alloy 20, depending
upon the temperature. According to the Goulds
pump representative, impeller modification costs
or new pump costs, as the case may be, would not
be significantly different whether one specified
Monel 505 or Alloy 20. On this basis, only the
Monel need be considered, as it has the higher
operating temperature capability. With an Effect
I temperature of 275°F, the increase in flow is
such to change the net positive suction head
capability of P-11 and P-12 to the point that
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SECTION 1IV.

GENERAL PILANT DESIGN

other pumps be specified. Under conditions of
minimum modification expense (Table IV-H-II),
P-13 through P-22 would suffice for the higher
flow requirements. Conversion to the Goulds
Model 3755 pump or its equivalent is recom-
mended, however (Table IV-H-III). For all
other conditions of flow, refer to Tables
IV-H-IV through IV-H-VII for the appropriate
pump equivalent. Incorporating mechanical
seals in all brine pumps would require some
means of external flushing. A slight dilution
would result, but with controlled addition of
flushing product water by means of a throttle
bushing, the effect would be negligible.

It will be noted that the head requirements

for all of the brine pumps were lowered. In

the original specifications, the estimated heads
were too conservative. These specifications for
higher-than-necessary heads magnified somewhat
the tendency toward cavitation. It 1s felt,
therefore, that the lower design heads are more
realistic and will decrease some of the problems
encountered with net positive suction head.

Condensate Pump P-41

The recommended pump is a Goulds Model 3755 6 by
6-9 or equivalent. This pump could be bronze or
iron fitted, and would contain a mechanical seal,
Durametallic Type RO or equivalent. It would be
suitable for any of the conditions of flow speci-
fied.

Product Pumps P-44, P-50, and P-51
Incorporation of Type RO mechanical seals or
equivalent is recommended. Materials in the

existing pumps are suitable, but the size changes
with the various conditions of flow.
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SECTION IV. GENERAL PIANT DESIGN

H.

Mechanical Equipment Design

3.

Economic Evaluation

It would be difficult to present the proposed
recommendations in terms of exact economic
Justification. However, the impeller material
change would result in less corrosion, 1less
pump maintenance, and less downtime. Likewise,
utilization of mechanical seals should also
reduce maintenance and operating costs.
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SECTION IV.

H.

GENERAL PILANT DESIGN

Mechanical Equipment Design

4,

Recommendations

a.

For all pumps it is recommended under all plant
operating conditions, that the appropriate size
and type mechanical seal be utilized in place
of packing, and that the impeller material
specified in the tables (and in accordance with
Section IV-G of this report) be used.

For pumps in sea-water service special recom-
mendations, based on previous discussion are:
that P-3 be spared under any circumstances,

and that P-5A be specified with a nine-foot can
(three feet lower than present). The size of
the latter will depend on the flow condition.

Special recommendations for the brine pumps,
P-11 through P-22, are: that Monel 505 be
specified for all impellers, and that with the
recommended incorporation of mechanical seals,
a flushing header containing product water be
connected to each brine pump seal.

Condensate pump P-41 should be specified ac-
cording to the pump table.
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SECTION IV. GENERAL PLANT DESIGN

I.

Instrumentation

1.

Description of Plant Instrumentation

The instrumentation of the Freeport Conversion
Plant is, in general, minimal. Many control
functions are manual in nature. The condensate
pumps are running with unthrottled discharge and
are therefore subject to cavitation. The pH
control is entirely manual and is subject to wide
variation. However, the brine pumps are on level
control. The vapor off the deaerator is control-
led manually at approximately 40 per cent of the
incoming stripping steam.
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SECTION IV. GENERAL PLANT DESIGHN

I.

Instrumentation

2.

Technical Evaluation

The condensate pumps are presentl; rurni:ig with
unthrottled discharge and insufficient net positive
suction head to prevent flashing and cavitation.
These pumps are capable of delivering 140 per cent
of the required head with a resultant increase in
capacity (approximately 150 per cent of design) at
operating heads which allow the pumps to run dry
and cavitate. This cavitation reduces the life of
the impellers and does not enhance the process
stability.

The pH of the sea water to the deaerator is now
being controlled by manually setting the sulfuric
acid injection metering pump stroke and watching
the resultant pH record. Any changes in flow or
pH of incoming sea water are reflected in the pH
of the acidized sea water and the control operator
must adjust the acid pump and water for pH change.
Any adjustment must, therefore, bhe of a cut-and-
try nature. The pH of the sea water to the
deaerator ranges from 3.5 to 5.0 but usually aver-
ages 4.0 to 4.5.

Since the pH of the sea water to the deaerator is
manually controlled and allowed to fluctuate, the
pH of the deaerated sea water becomes harder to
control. To further complicate the problem, this
pH 1s also manually controlled by siphoning the
sodium hydroxide solution into the suction line of
the deaerator bottoms pump. Because of the suscep-
tibility of glass pH electrodes to sodium ions,
the pH record is not accurate and is used only as
a trend record with random samples (lab analyzed)
used as the correct pH for control settings.

The instrument alr compressor is undersize for the
present number of instrument air users, so the spare
instrument air compressor must also run continuously
in order to supply enough instrument air. During
maintenance on either compressor, the construction
alr compressor must be used to make up the balarnce
of the air requirements.
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SECTION 1IV.

I.

GENERAL PLANT DESIGN

Instrumentation

3.

Recommendations

A dollar savings value is difficult, if not im-
possible, to assign to the proposed instrumentation
recommendations without extensive testing and eval-
uation. Only an approximate installation cost will
be given with each recommendation.

ao

The condensate pumps P-31 through P-42 should
be placed on level control by installing a
surge drum in the suction line after it leaves
the flash chamber of the evaporator. All con-
densate pumped by the pump should first flow
into the surge drum. The desired level is
maintained by a displacement-type level control-
ler which positions a butterfly valve in the
condensate-pump discharge line. Thus, the
flashing and cavitation are eliminated and the
impeller life improved. This will cost ap-
proximately $650 per pump installed.

The pH of the sea water to the deaerator should
be placed on automatic control by adding a
controller and remote stroke adjusting mechanism
to the acid pump. This would allow the pH con-
trol range to be narrowed, would free the control
operator for other functions, and would make
neutralization easier.

Glass pH electrodes are notoriously susceptible
to poisoning by sodium ions, which makes neu-
tralization with sodium hydroxide extremely
difficult to control. However, if an antimony
electrode is used, the susceptibility problem

is eliminated. Additionally, the signal pro-
duced by this electrode is very large compared
to a glass electrode. By the use of this type
of electrode, a controller, and a control valve
in the caustic siphon, better pH control may be
obtained. Better pH control will produce better
deaeration, will reduce corrosion and scaling in
the system, and will save raw materials. The
approximate installed cost would be $1050.

Dow currently ‘holds a patent on one type of
antimony electrode which it will make avail-
able to the Office of Saline Water Freeport
Plant for evaluation. Other antimony electrodes
are commercially available from firms such as
Hartmann and Braun.
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SECTION IV. GENERAL PLANT DESIGN

c. The instrument air compressor should have a
capacity of approximately one standard cubic
foot per minute per air user (e.g., transmitter
or controller, or valve positioner) and the air
receiver should be sized for a compressor four
times the capacity of the compressor selected
to allow the compressor to cycle. Instrument
transmission tubing should be 3/8-inch outside
diameter by 0.032-inch wall soft copper with a
0.032-inch extruded polyvinyl-chloride Jjacket.
All joints and fittings should be taped with
polyvinyl-chloride tape.

Compressor cost will vary depending on the number
and type of compressors selected and the sparing
requirements.
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

A. Sea Water

1. Review the data sample points and how chemical
samples are handled; review the chemical analysis
procedures. Make recommendations on analyses and
sampling.

a. Conclusions

(1) Sample connections of 1/4-inch pipe size
should be provided on the condensate lines
of at least Effects I through IV. This is
discussed in Section V-A-1-b.

(2) 1In general, the procedures now being follow-
ed for both the handling of routine control
samples and routine control analyses are
applicable to the operating conditions and
effective in obtaining the information
needed for control. Suggestions are given
in the discussion (Section V-A-1-b) regard-
ing the handling of pH samples of deaerator
feed brine, pH samples of product water,
and alkalinity samples of product water.

(3) The adoption of three additional methods of
analysis is recommended for three periodic
but non-routine samples taken at existing
sample points. These are: a gravimetric
COs for deaerator effluent: a volumetric
free COo for product water; and a colori-
metric (Indigo-Carmine) method for Oz on
deaerator effluent when required. These
are discussed below.

b. Discussion

The installation of sample connections in the
condensate (product water) lines from Effects II
through VI, would be justified during a study of
the residual COz distribution between brine and
product water at various brine pH values of
deaerator effluent. Such a study 1s best based
directly on the analyses of sets of synoptic
samples, rather than on calculations from mass-
transfer kinetics.

The pH of the feed brine to the deaerator, as it
exists 1nside the feed line, has a value which
differs from the pH value of a sample of the feed
brine allowed to cool to room temperature and to
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SECTION V.

PROCESS CHEMICAL CONSIDERATIOIS

come to equilibrium with normal air. The size
of the difference depends upon the initial pH
value. If the pH of the brine inside the
deaerator feed line is actually 3.8 or less,

then most of the average 90 parts per million
gross COz content will exist in the brirne as

free COz (refer to Figure IV-C-6). When a
sample of brine at this actual pH value is with-
drawn from the line and exposed to rormal air,

it will cool, and also some of the COs will
escape to the atmosphere. Since nearly all the
COz of the sample is present as free COs, no
further pH change can take place, and the pH of
the sample will be the same as that of the brine,
from a practical standpoint. If the pH of brine
in the feed line is actually, say 4.2, then there
will be appreciably more HCOs ion present. When
the sample is exposed to air, and the COz escapes,
a shift in equilibrium occurs which is summarized
by:

HCOs — (O3 + OH™,

or a shift to the right in the following equi-
librium:

HCO3 4+ H' = Hs00s5 =~ Hs0 + COs

The OH™ ion liberated is sufficient to increase
the pH to 5.0. This relationship is shown in
Figure V-Al-1.

Since PC02 in a sample is about O.1 atmosphere
at low pH values, precautions necessary to ac-
curately measure the initial pH will make the
procedure inconvenient. The following procedure
is therefore suggested:

If the sample produces a reading of 4.0 or
less on the pH meter, record the reading. If
the sample produces a reading of greater than
4.0 on the pH meter, withdraw the sample from
the meter, and pour it repetitively back and
forth between beakers for a standardized
number of times, ard redetermine the pH with
the pH meter. Record the reading. Identify
the record column as "pH in air".

The routine pH determination of samples of product
water can create a problem similar to the orne just
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SECTION V. PROCESS CHEMICAL CONSIDERA'I'LONS

described, if the product water contains free
COz, or, to a lesser degree, if it contains an
appreciable excess of NasCOsz. In the first
case, with free COz present, the pH in the

line will be lower than that after the sample
comes to equilibrium with air. Relationships
exist here, similar to the one shown in Figure
V-A-1l, Dbut with the flat portion of the curve
in a different pH range. Since the amount of
free COs, or of excess COz, will vary, the
actual pH value in the line is relatively less
meaningful here than with the deaerator. What
is important 1s whether the pH value increases
or decreases when the sample is exposed to air
and the magnitude of the change. The following
procedure is recommended on the routine pH
samples obtained from the product water line to
Freeport:

Obtain the sample in the same container in
which the electrode of the pH meter is in-
serted, and which is provided with a large
rubber stopper. Allow the water sample to
fill the container completely to minimize
contact with air while sample is being
carried. Remove stopper and measure initial
pH of sample. Remove sample from pH meter.
Pour sample repetitively between two beakers
a set number of times, as previously de-
scribed, to allow the sample to come to
equilibrium with air. Redetermine pH value
with pH meter. Record both values.

If the pH in air is appreciably greater than the
initial pH, as determined by experience, then
the free COz should be determined later, as a
non-routine determination, as described in one
of the following paragraphs.

Total dissolved Oz is now being determined on
non-routine samples of the caustic-treated
deaerator effluent by the Winkler method. The
latter should be sensitive to as low as 0.01
part per million, although many authorities
claim 0.05 part per million is as low a value
as can be consistently reproduced. A suggested
method for complementing th Winkler method, 1is
the Tndigo-Carmine method(12), which is appli-
cable only between 0.001 and 0.150 part per
million dissolved Oz. It is a colorimetric
method and has proved itself reliable in industry. .
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SECTION V. TDTROCESES CHEMICAL COINSIDERATICLS

The following considerations are offered re-
rarding the alkalinifty titration of fthe sample
of caustic-treated deaerator efflueit. First,
what 1s really wanted nere 1s a determination
of the total COs conteunt for a check o0
deaerator performarce, and .0l ecessaril;
carborate-nlcarbonate alkalioity. second, 1if
the deaerator is not fiw cticulng properly,
considerable dissolved COz ma; be present at a
pH of ».%, which may escape determination un-
less the sampling techiiique includes "fixing"
the COz with caustic 1: the closed sampling
container. Third, 1if the deaerator effluent
actuall, cowtalus, sa,, 1.0 part per million
total COs at a pH of .8, it is pogsihle to
absorb COs from the atmosphere, either during
sample handling or during titration. This
amount of absorbed COs could be as high as
three times the 1nitial COs conten:t unless
adequate precautions are take:. (From Figures
IV-C-2 a»nd IV-C-H, the total COs councentration
i brine at QBOC, and at pH .5 i1 equilibrium
with rnormal air, is 3.7 parts per million.)

I the total COs in the deaerator effluent were
determii.ed gravimetricall, using ar. absorption
tTrain, precautions wonld still be ecessary
with sample handling, and with moisture films

0. the outside of the U-tube. It 1s felt that
The advantages of thie gravimetric method out-
welish those of the volumetric method, and is
beirg recommended here as a periodic non-routine
check 0. deaerator performarice.

If routine control samplegs indicate the presernce
of free COgz 1 the product water, thern the free
TCz shoeald % ?etermihed 1y the carvouate titra-
tio method! ot a noti-routine sample.

Agcrioine the "alkalinit. " of the deacrator ef-
flueni entlrely to the presence of ticarborates
(plus Tree COz) in the sample, which is apparent-
1. the cresent practice, leads Lo co:..clusions
wnicn are co.siderabl,; 1t error. The bicarbonate
content irnferred from this practice could he many
Times zreater than actually exists. The analytical
procedure, presently prescribed for the Freeport
Jonversicn Plant for the determination of caroo-
ztes arnd vilcarbonates, mertions the fact that the
method assumes the arszence of the zalts of weak
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acids, such as boric. It does rnot state how to
correct for the presence of borates, which are
always present in sea water.

As an example of what is meant in the above
paragraph, consider a deaerator effluent brine
of chlorinity = 19 parts per thousand, havirg,
in fact, a residual total CO» concentration of
2.0 parts per million COs (= 2 x 50/44 = 2.26
parts per million CaCOs "alkalinity").

Assuming that the end-point error is equal to
+2.0 parts per million CaCOs, the result re-
ported for this sample would be an "alkalinity"
of 4.46 parts per million CaCOs, if no borates
were present. As a matter of fact, sea water

of 19 parts per thousand chlorinity contains
about 4.5 parts per million boron. This is
equivalent to: 4.5 x 50/10.8 = 20.8 parts per
million CaCOs. About one-third of this amount
of boron (actually, 6.5 parts per million of
CaCOs equivalent) will be titrated if the sample,
as presently prescribed in the analytical pro-
cedure is first adjusted to the phenolphthalei:.
end-point prior to titration to the methyl-orauge
end-point. The result reported for the alkalinity
determination would now be: 2.26 + 5.5 + 2.0 =
10.76 parts per million CaCOs, which can errone-
ously be interpreted to be due entirely to
bicarbonates. This amounts to 475 per cent of
the alkalinity equivalent to the bicarbonate
concentration.

In order for the "alkalinity" of the deaerator
samples to be a measure of the residual CO-, the
alkalinities now being reported as a result of

the titration procedure now in effect should be
corrected for the amount of borates present by
subtracting, the following quantities. These
corrections(l9§ are valid only if the sample 1is
adjusted to a pH of 8.3 at 30°C prior to titrating
to the methyl-orange end-point:

Value to be subtracted from

Chlorinity of "Methyl-Orange" Alkali~ity to
Sea Water Correct for Borates
% ppm CaCOs
15 4.5
17 5.5
19 >, 5
21 7.5
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As a practical matter, as well as a point of
theoretical chemistry, it would be advantage-
ous to speak in terms of total COs existing
in the deaerator effluent and not in terms
of "alkalinity".
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Review the acid and caustic treatment of sea-water
feed, based on existing data of acid demand and

alkalinity residual. Make recommendations on
treatment design.

a. Conclusions

(1)

The average rate of sulfuric-acid addition
to the deaerator feed (50 pounds of 94 per
cent H>SO4 per hour based on operating
records for the period of this study) is
not quite sufficient to continuously main-
tain the deaerator effluent at pH four,

the value required for good decarbonation.
This fact, together with the hourly fluctu-
ations in pH of the deaerator feed, means
that for a considerable portion of operating
time the pH of the feed is higher than even
the present control point of 4.5 pH.

Manually controlling the sulfuric-acid
addition to the deaerator feed brine (the
present method) is unsatisfactory. It has
resulted in excessive variation in pH, poor
deaerator efficiency, and could lead to ex-
cessive acid consumption. These objections
are inherent in the method of control and

do not imply poor operation unider the exist-
ing conditions.

The rate of caustic addition to the deaerator
effluent (25 gallons per day of 50 per cent
NaOH, as quoted by the Freeport plant ope-
rating personnel) agrees reasonably well
with the observed average pH (six to eight)
of the effluent and the residual COz content
(six parts per million) of the deaerator
effluent. This rate of caustic addition,

25 gallons per day of 50 per cent NaOH, does
not agree with the 0.031 pounds of 50 per
cent NaOH per thousand pounds of sea water
fed given in ”Eeyelopment Report MNo. 1" by
Stearns—Roger< 9).

Manually controlling the rate of caustic
addition to the deaerator effluent 1s un-
satisfactory. It has resulted in wide
deviations of the pH of the deaerator
effluent from the desired control point
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value, and may result in excessive caustic
consumption.

(5) The points mentioned are discussed in
Section V-A-3.

Recommended Revisions for Acid - Caustic Treat-
ment

(1) Install automatic control equipment for
acid addition to deaerator feed. The sen-
sitive element should be an antimony pH
electrode and the acid feed pump should be
of the rapid-stroke type, either double-
acting or two-cylinder.

(2) Relocate point of acid addition to the
deaerator feed line farther upstream from
the spray nozzle. The new location should
allow appreciably more pipeline distance
between the injection point and the deaerator
spray nozzle than exists at present. The
new distance should be at least fifteen feet.
When installed, the sample tap for the pH
control should be as close as possible to
the spray nozzle.

(3) Maintain the pH of the deaerator feed at a
value not to exceed 4.0 pH, say between 3.8
and 4.0. This is critical to the deaerator
operation and should be done immediately.

(4) The bases for the above recommendations are
discussed in Section V-A-3.

Discussion

As stated already in a previous section of this
report, 1f the pH of the deaerator effluent were
maintained at a higher value than at present,

the corrosive conditions of both the brine system
and the product-water system would be considerably
reduced. The following considerations indicate
that a higher pH than the existing 6.8 control
value for the deaerator effluent can be maintained
without undue risk of CaCOs-Mg(OH), scale formation.

Assumptions are made that the residual COs con-
centration of the deaerator effluent is 8.0 parts
cer million COz, (= 9.1 parts per million CaCOs
alkalinity) and that the concentration of dis-
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solved solids in the brine in the localized
areas of supersaturation 52) will not exceed
three times the concentration of dissolved
solids in the body of the liquid. At a con-
centration factor of 1.0, the concentration
of Ca in the brine = 410 parts per million =
1020 parts per million CaCOs. In the
localized supersaturated areas of the initial
effects this will be 3060 parts per million
CaCOs. Langelier's diagram for 10006%52%
indicates no carbonate scale would form below
a pH of 7.8 under these conditions. In the
localized supersaturated areas, the concen-
tration of Mg would be:

3 x 1300 = 3900 ppm Mg = 15,600 ppm CaCOs.

The same Langelier's diagram indicates no Mg(OH)s
scale would form at 100°C under these conditions
below a pH of 7.7.

At a concentration factor of 3.0, corresponding
to the concentration in Effect XII, the Ca con-

centration in the areas of supersaturation would
be:

3 x 3 x 410 = 3690 ppm Ca = 9250 ppm CaCOs.

From the Langelier's diagram for 5000(31>, 1o
carbonate scale will form under these conditions
below a pH of 7.7. Also, under these conditions
the concentration of Mg in the areas of super-
saturation would be:

3 x %3 x 1300 = 11,700 ppm Mg = 48,000 ppm CaCOs.

The Lange%ie§'s diagram for magnesium-hydroxide
stability(20) indicates no Mg(OH)z scale would
form under these conditions below a pH of 7.C.

The foregoing indicates that theoretically no
carbonate-hydroxide scale would be formed from
brine whose pH was below 7.7, at temperatures up
to 100°C, and under the conditions of the two
initial assumptions. A pH control point of 7.3
on the brine effluent from the deaerator would
be a practical value for operation. Automatic
control of the caustic addition would 1nsure a
minimum of deviation from the control point.
The use of the ion-exchange step for softening
the sea water would enable the brine to be
maintained at much higher pH values.
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Of the two initial assumptions made, the first
should be very safe. A residual CO, concen-
tration in the deaerator effluent of eight
parts per million should be easily maintained.
The validity of the second assumption is more
difficult to determine. Information obtained
from the literature is conflicting in the
statements concerning the degree of "over-
concentration' existing in the areas of localized.
supersaturation. |

Suggestion for Further Research

In view of the final statement of the preceding
paragraph, there is a need for empirical, ex-
perimentally obtained information indicating
the pH value at which carbonate-hydrate scale
is first detected in a falling-film evaporator
tube at temperatures up to 120°C and at con-
centration factors up to about five.
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A.

Sea Water

5.

Review the deaerator operation from data now
avallable. Determine the kinetics of chemical
neutralization and the mass-transfer rates for
gas removal. Review the methods of contrcl
rzluding the present use of sulfite. Det-rmire
the effects of temperature on the deaerato..

a. Deaerator Operation

The deaerator operation on April 10, 1964,
with respect to 0Os and COz removal is shown
on Figures IV-C-8 and IV-C-9. The pH of the
feed brine was deliberately adjusted to a
value of 3.9 to 4.0 for the duration of the
run, from the then normal control point of
4L.5. The gross CO» in the leaving brine was
determined gravimetrically on duplicate
samples. This value, 2.8 parts per million,
is lower than the corresponding values ob-

tained with operation at a higher feed brine
pH.

On June 10, 1964, all the packing was removed.
Several sets of samples were taken with the
deaerator operating without packing and with
the inlet pH at 4.0 or below. The effluent
showed between 0.01 and 0.10 part per million
Oz, and a gross COz content of about eight
parts per million as determined by gravimetric
analyses.

(1) The conclusions arrived at in this study
are:

(a) The deaerator will perform as a de-
carbonator up to the limitations
imposed by the inherently unfavorable
liquid:vapor rate if the pH of the
feed brine is 4.0 or less.

(b) Because of the high liquid:vapor rate
there is little promise that the COp
content of the effluent can be reduced
much lower than two parts per million,
unless the steam flow from Effect XI
is increased considerably.
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(c)

Increasing the rate of stripping steam
from Effect XI will lower the residual
CO2 slightly, by moving internal con-
ditions toward a true countercurrent
situation.

Conclusions similar to (b) and (c) are
valid also for Op, i.e., its concen-
tration of 0.01 part per million in
the effluent, already satisfactory,
could be reduced still further if
countercurrent conditions could be
attained.

Increasing the rate of leaving vapor
will also decrease the residual Oz and
CO2 concentrations in the deaerator
effluent.

(2) Recommendations for continued deaerator
operation are:

(a)

(c)

With pH maintained at 3.8 to 4.0, and
with leaving vapor rate held constant,
plot COz residual against rate of
stripping steam from %ﬁf?ct XI as was
done by Stearns-Roger 9 , to determine
lowest practical steam rate, and lowest
obtainable COz residual. This should
be done over a period of days, with no
other changes made simultaneously.

Determine quantitative effect of leaving
veror rate on COz residual at fixed
stvecam rates, with entering pH maintained
at 3.8 to 4.0.

Avoid changing two variables simulta-
neously.

b. Determine the kinetics of chemical neutralization
and mass-transfer rates for gas removal.

(1) Conclusions

(a)

There is insufficient opportunity for
complete mixing and neutralization of
the deaerator feed brine and sulfuric
acid to occur in the existing plant
between the point of acid injection
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and the point of sampliz (directly

above the spray nozzle). This con-
clusion is based on empirical industrial
experience.

(b) The over-all mass-tranzfer coefficients
for the desorption of Cz ai 2 COz from
sea water at 122°F as uced 1o this study
are:

For Os: Kra = 260 1b-mol/hr/cu ft

per lb-mol/cu ft

= 1.6% x 10-2 1bs
Oz/hr/cu ft per ppm
concentration dif-
ference

= 0.4% 1bs Ox/hr/cu ft
per atm partial pres-
sure difference

For COs: K;a = 200 1lb-mol/hr/cu ft

per 1lb-mol/cu ft

= 1.27 x 10-2 1bs
CUz -hr.cu ft per ppm
coricentration dif-
ference

= 9.63 1bs COs/hr/cu ft
per atm partial pres-
sure difference

The above values were extrapolated from
literatur: values (see Tarle IV-C-II)
for sorprion of Oz and COz from fresh
water, ucing air.

o

Discussion

In order tc e Tizdiently striv sea water of
its total COs 2o .tet our au industrial scale,
the carbonate and bicarbonate ions present

in the norral uH ran-e of 8.0 to 8.3, (Figure
IV-C-6) must 'irst he ccr verted to free COs.
From a practicol stemuuenlnt this condition

exists at 4.C ;4. O . fcu: species of the
COo system ex.silng 1n sea w=aizr, only free
CO2 exerts a vapor press.re, "z driving

force in the cdecorptic™ rroc 3.
The neutralizati.n process 1:..7¢1lves adding

the acid to the _ea water, 1:z-u - lng dispersion
of the acid in T 1e sea water, neuvtralization
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of HCO3 by the acid, and measurement
of the pH for control, all before the
mixture is sprayed into the desorber.
Of these processes, 1t is the proper
design of a mixing system to insure
dispersion of the acid in the brine
before its pH is measured, that is

the difficult problem. Industrial
experience indicates that the present
four feet of eight-inch pipe containing
two orifices 1s an inadequate mixing
device between acid injection point and
sampling point. The optimum design
would require experimentally obtained
data.

The neutralization of the HCOs, 1.e.,
conversion of the latter to free CO:
can proceed by elther:

HCO3 —= (COs> + OH™ (1)
or by:

HCO3 + HT — H2C0s (2)
HoCO3 —s= CO2 + H20 3)

It is known that the reaction rate of
52) is very much greater than either

1) or (3). Therefore, the reaction
time required for a certain concen-
tration of HCO3 to be essentially
completely converted to dissolved COp
will never be greater than that re-
uired by the faster of the two reactions,
?l) or (3). Brinkman, et al.{1ll) ex-
perimentally determined values for the
reaction rate constant for reaction (3),
which vary between k = 1.7 and k = 9.5
reciprocal seconds at 15°C, depending
on pH range. This indicates a time of
about one second foro99 per cent com-
plete reaction at 15°C. Their value for
the increase in reaction rate constant
with temperature, Q1o = 2.9, gives a
value of about 0.025 seconds as the time
required for essentially complete re-
action at 50°C via reaction (2) and (3),
above. This means that the maximum time
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required at 50°C for the reutralization
process alone to attain essertial com-
pletion, assuming initial iunstantaneous
mixing, is a relatively small factor
compared to the difficulty of mixing
viscous, concentrated HzS504 with sea
water.

The dissolved free COo must now be re-
leased from solution. All processes for
effecting the release of dissolved gases
depend upon contacting the liquid with

a gas phase in which the partial pres-
sure of the solute gas is less than the
equilibrium pressure at the concentration
of the solute in the liquid. At a given
temperature, the rate of transfer will

be proportional to the area of contact
surface between liquid and gas phase,

and proportional to the difference be-
tween the equilibrium pressure of the
solute gas in the liquid and its partial
pressure in the gas phase. The majority
of the surface area required is furnished
by the tower packing. A considerable
amount of contact area is also afforded
by droplet surface area, by wetted walls,
and by steam bubbles, if any.

The partial pressure of COz in the gas
phase, the stripping steam from Effect XI
in this case, must be less than the equil-
librium pressure of the COz (Pgp,) in

the brine. To insure as great a driving
force as possible, Ppg, should be as
great as possible. This is the reason
for neutralizing to a pH of 4.0 instead
of stopping at a higher value, say at

5.6 pH, the stoichiometric equivalence
point. This is not a question of whether
sea water can be decarbonated at higher
pH values. It 1is an attempt to obtain

as high a driving force as possible in

a stripping column in which it is fairly
certain that countercurrent conditions
are lacking. Langelier succeeded in
completely decarbonating a sample of
unacidified sea water in %35 minutes by
boiling uﬁ?er carefully controlled con-
ditions (34,
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Although maintaining, say 5.9 pH in
the deaerator effluent does consume
more sulfuric acid than neutralizing
to 5.6 pH, the small additional cost
is considerably less than the cost
of the troubles caused by residual
CO> in the deaerator effluent. The
additional cost of chemicals to
neutralize to pH = 3.9 instead of to
5.6 per million pounds of sea water
fed is:

Cost of HsSO, to 5.6 pH = $1.18
Cost of HsS04 to 3.9 pH = $1.24
Cost of NaOH, 5.6 to 7.0 pH = $0.01
Cost of NaOH, 3.9 to 7.0 pH = $0.34
Total cost difference = $0. 39

The costs listed above, 1f converted to
the basis of cents per one thousand
allons of product water at the present
April, 1964) operating conditions of
the Freeport Conversion Plant are:

Cost of HsS04 to 5.6 pH 1.
Cost of HzS04 to 3.9 pH 1. 39
Cost of NaOH, 5.6 to 7.0 pH = 0.01
Cost of NaOH, 3.9 to 7.0 pH = 0.38
Total cost difference = 0. 44

o

The above estimate assumes sulfuric acid
and caustic soda at their current deliv-
ered cost at Freeport, and assumes 105
parts per million COz in the deaerator
feed.

In order for countercurrent action to
obtain in the deaerator, and in order
for the calculation of packing require-
ment to be valid, the upward flow of
stripping steam at any point in the
packing must approximate the leaving
vapor rate. If no stripping steam were
admitted to the deaerator below the
packing, then the leaving vapor rate
would be constituted almost entirely by
vapors "flashing" from the brine in the
upper portion of the tower. Increasing
the leaving vapor rate by lowering the
pressure in the exit line, or by in-
creasing the brine temperature would
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merely increase the amount cf "flash-

ing" occurring in the upper lalers of

packing. Admitting vapors from Effect
XI into the deaerator is tecessary for
good deaerator performarce.

c. Methods of Os Control

Practical methods of Oz control i~ szteam and
water systems are either mecharicsl or chemical.
The former category includes irsuri g tight
Joints between all pairs of matirg surfaces or
systems operating under vacuum, and the venting
of bleed streams from points where r.on-conder.s-
ables accumulate. Chemical treatmert consists
of injecting either sodium sulfite or hydrazire,
or both, into the liguid phase. ©zoth of these
are reducing agents upon which fthe dissolved Oz
spends 1tself.

The lowest cost and most rewardirg method of
maintaining an initially low Oz cortert in the
desired range 1s insuring of tight seals at
gasketted Jolnts and the use of properl: design-
ed seals and wearing rings at the stuffi g boxes
of centrifugal pumps. There is ample opporturnity
for Oz leakage from the atmosphere at the Freeport
Conversion Plar.t at any of the poilnts mertioned
above located downstream from Effect IIT.

Venting the bleed stream of nor-conde.santles,
cascade fashior, from heating elemernt tc heatirg
element eliminates Oz from the system at the cost
of downgrading the recoverable heat 1w the steam
of the bleed stream. Regarding the disposition
of the vent stream from Effects II and III, the
conclusion here 1s that it contiiue to ne vented
downstream instead of being fed to the deaerator.

An estimate of the total number of inches of
periphery of gasketted joints existirg or. the
various effects plus their accessories, indicates
approximately 800 lirear inches per effect, %n
approximate practical value has ree:n giveh( 5

for the amount of air inleakage wnich reasornably
might be expected.to occur through ar average
gasketted joint of a vacuum system. This 1is

0.2 pounds 0Oz per hour per 1000 li7nesr ircres

of peripher,. Uslag tnis value, tne tctal amount
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of Oz inleakage which might be expected, then,
from Effect IV through Effect XII would be
1.54 pounds 05 per hour.

As & chemical method of Os control, sodium
sulfite (NasSOsz) is added to boiler water
systems. Under the prevailing conditions,
the NasS0Os 1s a reducing agent, and reduces
dissolved Oz according to the over-all re-
action:

Na>S0s + 1/2 Oso —_— Na -S04

Whether the above reaction proceeds directly
as shown above or whether the mechanism 1is
through some intermediate compound formation
is of some practical significance, since a
short reaction time 1s very desirable. In
order to increase reaction rate, industrial
practice(9 is to add a proprietary mixture
of Na-S0s3 and a catalyst of cobalt or manganese
salts which are apparently very effective in
reducing the reaction time from the order of
minutes to seconds.

Theoretically, 1t requires approximately 7.9
pounds of NasS0Os to reduce 1.0 pound of dis-
solved Os. Thus, if the residual O, content

in the deaerator effluent were, say 0.1 part

per million, 1t would require the feeding of

0.1 x 10=° x 490,000 x 7.9 = 0.39 pounds of
Na=SO0s per hour to the brine to reduce the dis-
solved Oz to a theoretical zero part per million.

A gquestion has been raised concerning the solu-
bility of CaSOsz 1in sea water. The point in
question is whether the S03 ion added will cause
CaSOs to precipitate from solution on heating
surfaces to form a CaS0Oz scale, and whether the
latter would offer convenient sites to initiate
the formation of CaSO4 scales under conditions
of supersaturation. There is insufficient solu-
bility data in the literature to answer this
guestion with conridence. It involves also a
knowledge of reaction kinetics, i.e., rate of
oxidation of SO3 1on versus rate of precipitation
of CaS0Oz. What information is known about CaSOs
is translated to as useful a form as possible in
the following paragraphs.
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Van der Linden(42> gives the following data
on the solubility limit of CaSOs in frecsh

water:
Temperature, Gms CaSOsz° 2Hz0
e per Kg
50 0. 06k
40 0.003
50 0. 057
60 0.001
70 0. 045
80 0. 031
90 0. 027
100 0.011

From the above values, the pseudo-solubility
product (k) for CaSOs in fresh water can be
calculated at 50°C and 100°C. These are:

At 50°C: «k

430 (ppm)5
At 100°C: k

15.8 (ppm)

The solubility product of CaSOsz will be greater
in sea water than in fresh water due to total
ionic-strength effects. The approximate magni-
tude of the effect will be the same for CaS0Os
as for CaSO4. By using the kriown ratio of the
solubility of CaS0O4 %n 5 parts per thousand
chlor%gigy sea waterl? to that in fresh
water{®3 , the above values become:

At 50°C: Kk
At 100°C: k

o

1160 gppm)g
45.5 (ppm)

indicating that the limit of solubility of
CaS0Os in 15 parts per thousand chlorinity brine
is: 35.75 parts per million CaSOs at SOOC, and
0.145 part per million CaSOs at 100°C.

Using the above values, the following conclusions
can be drawn regarding the use of l[lasS0s at the
Freeport Conversion Plant:

(1) Injection of NasSOs into the deaerator ef-

fluent will probably not result in CaSOs
scaling if the rate of addition at the
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deaerator does not exceed 3.5 parts per
million (based on sea-water feed) and if
the residual Na-S0z measured at heat ex-
changer 304 does not exceed 0.1 part per
million in concentration.

(2) Use only NasSOz in proprietary mixtures
which also contain a catalyst to increase
the reaction rate. This will minimize
the chance for unreacted Na>-S0s to reach
a temperature zone where the limit of its
solubility is exceeded.

(3) The use of an ion-exchange softening
process to reduce the calcium content
of the brine will make the use of Nas>5S0s3
much more attractive as an Os scavenger.
The solubility limit of CaSOs will be 1in-
creased many fold.

Sodium sulfite can also act as an oxidizing
agent. Therefore, 1t is possible to form HzS
and elemental sulfur in boiler systems, and
in the Freeport Conversion Plant by the use
of NasS0s3. This would form as a product of
reaction of the Nas50s3 on organic materials
present in the sea water. This is not a very
probable occurrence at concentrations of re-
sidual NazS0s no greater than 0.1 part per
million.

Hydrazine (NsH.) is also used in commercial
hoiler water systems to scavenge dissolved Os.
It 1s a much mor? 8?werful reducing agent than
[Ha-503. Latimer(? gives the standard oxida-
tion potential (EB) as + 1.6 volts at 25°C for
the following reaction:

MOH_+N2H4=N2+)-|-H20+)4€‘-

Its higher unit cost, about $1.30 per pound,
is partially offset by its lower molecular
weight, resulting in a requirement of only
1.0 pound per pound of Oz scavenged, compared
with 7.9 for NasS0s. It is used to advantage
in high pressure systems requiring low total
dissolved solids, since it does not increase
the solids content.
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Hydrazine is both toxic and flammsrle. Ar-
other large disadvantage 1sg that it =s.
undergo auto oxidation-reductior::

2 NoHy —a 2 1lHs + o,

resulting in concentrations of ammc-.is 17 the
system. At high enough levels, the ammonis
can attack copper or zinc alloys at an ap-
preciable rate. The ammonia carn also ne
carried over to the condensate where it could
attack the brass mountings of valves.

The use of hydrazine as an Oz scavenger is not
recommended in the Freeport Conversiorn Plant.

An instrument that would be invaluable in Os
control at the Freeport Conversion Plant is the
"OXYMETER" (manufactured by Magna Corporatiorn,
Santa Fe Springs, California). This is a port-
able direct reading meter with arn Os-sensitive
element located in a probe at the end of a
flexible cord. This instrument would greatly
ffacilitate Os determinations of the deaerator
effluent. It is sensitive to one part per
billion dissolved Oos. Its basic price is ap-
proximately $200.

Effects of Temperature on Deaerator

Under the following invariaut conditions:

1) Leaving vapor rate = 1050 pounds per hour,
2) Entering brine rate = 490,000 pownds per
hour,

(3) Rate of stripping-steam injectior. Lelow
packing = 900 to 1500 pour.ds per hour,

(4) Countercurrent action irside packing ap-
proached to same extent as at present,

(5) Concentrations of 0Oz and COz in ernterirg
brine remain at presert val.es,

(Q‘\

Yo W
W
=
D

the effect of a2 major temperature 1. ~re
the present deaerator would elther :e
duction in packing reguiremerti, for ‘.
concentrations of Os and COz 1n thne 1 “
brine, or, an undetectable loweri::; i * COri-
centrations of 0Oz and COgp in the leavi g hrire,
if the packed height were allowed ‘¢ remal: -
chariged.

(D D
Q

SN

D

N

-
M 5
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Table V-A-3-T shows quantitatively the new
packing requirement for the present deaerator
resulting from a theoretical change in the
temperature of the feed brine from the present
value of 1220F to 232°F, with the concentrations
of O and COz2 in the feed brine remaining the
same. The new operating total pressure inside
the deaerator will be slightly below the satu-
ration pressure for 232°F in order to hold the
leaving vapor rate unchanged. The steam intro-
duced below the packing under the new conditions
would have to be vapors from Effect I.

Of the five conditions listed in the first para-
graph, it is the fourth condition (countercurrent
action) to which outlet concentrations of COpz

and Oo will be the most sensitive in the present
deaerator operating under existing conditions.
Any change which will improve the approach to
countercurrent action will lower the outlet con-
centrations of Oz and COz; for example, increasing
the flow of inlet steam below the packing. The
general objective of steam rate adjustments is

to cause as high a percentage as possible of the
vapors originating below the packing, to appear
in the outlet vapor stream. Thus, the pressure
drop across the packing should be maintained at
as high a value as possible, consistent with the
heat economy implications of introducing a high
rate of steam below the packing.

Referring to Table V-A-3-I, the capital Savings
resulting from operating the deaerator at 232°F
would not be as great as the tabulation might
imply. Although there would be a savings in
packing, along with a corresponding savings in
tower height, the required diameter of the tower
would remain at six feet.

In the general case, the expression for the
packing requirement of a stripping column de-
sorbing a given quantity of solute between fixed
terminal concentrations, is:

V = Q )
KLa X log mean AP
where:
V = volume of packing in cubic feet,
Q = pounds of solute gas desorbed per hour,
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KLa = over-all liquid-film mazcs-trar.cfer
coefficlent, expressed rnere s5s
pounds per hour per c.. iz oot per
atmosphere difference 1. pszrtial

pressure,

A P = differenices hetweern egu:iliorium
pressure of solute ard partial
pressure of solute ir "he 33 phase
at the terminal conditio-.c.

In the specific case of the existii.« deaerator,
the operating linie is relatively far {rocm the
equilibrium line (Figure IV-C-9). The partial
pressure of COz in the gas phase is therefore
insignificant in its effect on the value of
log-mean A P. A change in total operatirg
pressure, necessitated by a temperat.re change,
would therefore have a negliginhle effect o the
value of log-mean AP, and the packing volume
would vary inversely as the product of Kya and
Pr This situation is reflected 1w the values
lls%ed in Table V-A-%-T. The effect of a ftemper-
ature change from 50°C to 111°C ic a sixfold
reduction in packing requirement.

If the deaerator were operating under the initial
conditions showr: in Table V-A-5-11, the operating
line would he fairly close to the equilibrium
line. The partial pressures of ﬁ@ in the gas
phase are close to the values of «Oﬁ in the
liquid, and therefore canrnot be @wle(fed A
temperature change to 111°C would demand the
same 1increase in total operating prezzure as
before. 1In this case, however, the '.ew operating
pressure has cauced a ninefold decrease in log-
mean AP vresulting in a packing reguilirement that
is three times the former value.
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TABLE V-A-3-1

DEMONSTRATION OF EFFECT OF TEMPERATURE
ON DEAERATOR OPERATION

CASE I: (Design Conditions for Existing Deaerator at 50°C)
Brine Rate = 490,000 1lbs/hr
Leaving Vapor Rate = 1,050 1lbs/hr
COz in Entering Brine = 105 ppm
COz in Leaving Brine = 0.5 ppm
50°¢ = 122°F 111°C = 232°F
PCO2 of Entering Brine, atm 1.39 x 10-1 35.07 x lO‘l
Poo, Oof Leaving Brine, atm 6.6 x 104 1.45 x 1072
Mol Fraction COz in Entering
Vapor 2.04 x 10-7 2.04 x 10°7
Mol Fraction COz in Leaving
Vapor 2.01 x 10-2 2.01 x 10-°
Total Pressure Inside
Deaerator, atm 0.102 1.44
Partial Pressure CO2 in
Entering Vapor, atm 2.08 x 10-9 2.94 x 10°7
Partial Pressure COs in
Leaving Vapor, atm 2.05 x 10™° 2.89 x 10-2
Kra, 1lbs/hr/cu ft/atm 9.63 28.0
Volume Packing Required,
cu ft 207 34.9
NOTE: Ratio of packing requirements to be compared with

that shown on Table V-A-3-T11.
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TABLE V-A-3-11

DEMONSTRATION OF EFFECT OF TEMPERATURE
ON DEAERATOR OPERATION

CASE II: (Hypothetical Conditions)
Brine Rate = 490,000 1lbs/hr
Leaving Vapor Rate = 130 1lbs/hr

COz in Entering Brine = 50 ppm
COz 1n Leaving Brine = 0.05 ppm

50°C = 122°F 111°c = 232°F

Pco, of Entering Brine, atm 6.6% x 1077 1.47 x 1071
Pco, ©of Leaving Brine, atm 6.63 x 1072 1.47 x 10-%
Mol Fraction COz in Entering

Vapor 2.04 x 10-7 2.04 x 10-7
Mol Fraction COz in Leaving

Vapor 1.0 x 10~% 1.0 x 1071
Total Pressure Inside

Deaerator, atm 0. 102 1.44
Partial Pressure COz in g

Entering Vapor, atm 2.08 x 10~ 2.94 x 10~/
Partial Pressure COz in 5 1

Leaving Vapor, atm 1.02 x 107 1.44 x 107
Kra, lbs/hr/cu ft/atm 9.63 28.0
Volume Packing Required,

cu ft 308 923

NOTE: Ratio of packing requirements to be compared with
that shown on Table V-A-5-1.
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A. Sea Water
4. Evaporator Scaling
a. Solubilities of Calcium Sulfate and Its Hydrates

The nature of the evaporative processes in the
long-tube, vertical, falling-film, distillation
system makes an accurate knowledge of the solu-
bilities of the scale-forming compounds imperative.
The thin films on the tube walls, the turbulence
associated with the vapor formation, and the con-
current vapor liquid flow all act to reduce to a
minimum the allowable supersaturation of any scale
forming compounds.

The proper addition of acid to neutralize the
alkalinity in the feed sea water followed by
proper degassing will prevent formation of the
alkaline scales, calcium carbonate and magnesium
hydroxide.

Calcium sulfate, in its various hydrated farms,

is the most troublesome scale encountered in the
distillation of sea water. It is known that
anhydrous calcium sulfate occurs as scale at high
temperatures and that the dihydrate (gypsum) oc-
curs as scale at low temperatures. Both forms,

as well as the metastable hemihydrate, have been
found as major constituents of scale samples taken
from the tube walls in the Freeport Conversion
Plant.

A study was undertaken to determine, using avail-
able references, the best solubility relationships
for these forms of calcium sulfate in concentrated
sea waters at elevated temperatures.

The most complete information on the solubilities
of calcium sulfate was found in a paper by, W, L.
Marshall, Ruth Slusher and Ernest V. Jones(gg).

The solubility of CaSO4:2H20 (gypsum) was deter-
mined by Marshall at 40 and 60°C and CaSO,
(anhydrite) at 125, 150, 175, and 200°C in NaCl-
H20 solutions varying from zero to four molal
NaCl. These data, combined with additional
literature values, agreed with Debye-Huckel
theory at all temperatures and over the range of
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concentrations when a function of ionic strength
was used in the correlation. Marshall and as-
sociates concluded that from the solubility
results, in agreement with Debye-Huckel theory,

it should be possible to estimate the solubilities
of CaS0y4 and its hydrates at temperatures between
25 and 200°C in electrolytes other than NaCl at
ionic strengths up to 7.O0.

The solubility of CaS04° XH-0 is:
CaSO4*XH20 == Ca’™™ + S0. = + XH:0

from which the thermodynamic solubility product
is obtained:

o] (o] o]

where:

My ++s QSO4 = are molal concentrations,
¥ Catts ¥ 50, = are activity coefficients,

a = the activity of H20 in the
H:-0 :
solution,

X = the number of moles of Hs0
in the solid hydrate.

Using the Debye-Huckel theory, taking the loga-
rithm and rearranging, the solubility quotient

is found:
log Ky = log Kgp + 8,3[ 1l/2 ]- X log ay_q
1+ 4 1172
where:
Ksp = the solubility quotient
Kgp = the thermodynamic solubility product

,§ = the limiting Debye-Hickel slope
A = a constart (taken as 1.5)

I = the ionic strength
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The measured values were well correlated when

A = 1.5 was chosen. The terms for ay.,0 drop out
when anhydrite is the solid of interest. Activ-
ities of water, ap_p, for NaCl soluti?ns have
been published by Bobinson and Stokes 39).

The measured and correlated data are shown in
Figures V-Al4-1 and V-A4-2 from Marshall, Slusher
and Jones' paper. From Figure V-A4-1 the Debye-
Huckel slope can be determined from the ionic-
strength function. From Figure V-AL4-2 the
thermodynamic solubility product Kgp can be found
at any given temperature. Using these values and
the proper ayg,p, the solubility coefficient Kg

of a desired %orm of calcium sulfate can be cal-
culated at a given temperature in a solution of a
given ionic strength.

These calculations have been made for sea water
and concentrated sea waters and the results are
shown in Figure V-A4-3 for anhydrite and in
Figure V-A4-4 for gypsum. In both figures, the
solubility product (Catt) (S0,=) is plotted as
a function of the concentration factor (normal
sea water C F = 1.0), with temperature as a
parameter.

It is interesting to note that both gypsum and
anhydrite pass through solubility maxima at
several times sea water concentration. Also
apparent is the extreme sensitivity of the
anhydrous calcium sulfate to temperature, and
the relative temperature insensitivity of the
dihydrate.

It is also quite apparent that the effect of the
other ions in solution (the ionic strength) can-
not be ignored and that the solubilities of the
various forms of calcium sulfate in pure water
solutions is not a reliable guide.

A line of constant ionic ratio can be drawn in
Figure V-A4-3 which indicates the concentration
or dilution of sea water without a change in
composition. The intersection of this line with
the solubility lines are the temperatures at
which a sea water of a given concentration Jjust
becomes saturated with anhydrite. Concentrations
at temperatures not plotted can be cross-plotted
or determined by interpolation.
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FIG. V-A4 -1
VARIATION OF ACTIVITY (7) WITH IONIC STRENGTH (J)
FOR CaSO, AND ITS HYDRATES IN NaCi-H,0 (28)
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Calcium Sulfate Solubility Product, (Ca**)(S07 ™), (wt%)?x 10~ ¢

FIG. V-A4 -3
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FIG. V-A4 -4

SOLUBILITY OF GYPSUM IN CONCENTRATED SEAWATER
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These values are plotted in Figure V-A4-5 in
which the concentration factor of the con-
centrated (or diluted) sea water is plotted
against the temperature of the brine. In
this Figure, the lowest lines are the temper-
atures and concentrations to which sea water
can be carried without calcium sulfate pre-
cipitation.

If either calcium or sulfate is removed from
the sea water, the solubility product is
changed and the concentration-temperature
relationship is altered. Lines have been
drawn in Figure V-A4-3 for sea waters in which
50 per cent and 75 per cent of the calcium
have been removed. The intersections with the
solubility lines have been replotted in Figure
V-ALk-5 to give the concentrations and temper-
atures to which the softened sea waters can be
carried before the solubilities of either
anhydrite or gypsum are exceeded.

It is known that in the temperature rarige between
180°F and about 220°F, the metastable hemihydrate
(CaS0O4+1/2 H20) is the crystalline scale form
ordinarily encountered. This form is more sol-
uble at a given temperature than either gypsum

or anhydrite, and 1s not important as a scale

in the present method of operation of the
Freeport Conversion Plant.

It should be noted that Figures V-A4-3, V-AL_4,
and V-A4-5 gre for the solubilities of the various
forms of calcium sulfate at equilibrium between
the solutions and the solid phases. They show

the safe operating area within which scale for-
mation cannot be expected. Operation outside of
these areas depends upon the kinetics of nucle-
ation and crystal growth, and is possible although
such operation is unlikely with the long-tube,
vertical, falling-film, evaporative process.

The curves of Figure V-A4-5 have been checked with
all available data cn the solubilities of anhy-
drite or gypsum in concentrated sea waters. Some
of the references are shown in Figure V-A4-5.
Agreement with the curves, in general, 1s quite
good despite the obvious difficulty in obtaining
meaningful solubility data at high temperatures

in a temperature-dependent system.
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b. Plant Scaling Experience

During the more than three years of operation
of the Freeport Conversion Plant, 23 analyses
have been made of various scales by the Dow
Chemical Company. These analyses are shown

in Table V-A-4-T. All analyses were by X-ray
diffraction.

All five expected types of scale have been
found: calcium carbonate, magnesium hydroxide,
and three forms of calcium sulfate - gypsum,
hemihydrate, and anhydrite.

Aragonite (calcium carbonate) was found only
when a magnesium hydroxide slurry was being
recycled, when acid was not being added before
degassing (samples of 5/25/61).

Alkaline scales were found in the higher temper-
ature effects through 6/20/62 and are probably
indicative of inefficient deaeration. No alka-
line scales have been found in any samples sirce
this time.

Anhydrous calcium sulfate has appeared with
monotonous regularity as the principal constit-
uent of scales from the higher temperature
effects and has been found as far down the
system as Effect IV when a 250°F first effect
brine temperature was attempted. Anhydrite 1is
the principal, and in most cases the only scale
compound found in Effect I.

Gypsum has appeared with equal regularity in the
lower temperature effects and has bee: found in
Effect X when a concentration factor of four in
Effect XII was attempted.

Quartz, the principal crystalline form of the
sea-water silt, was found in a majority of the
analyses as a minor or trace componient. Magnetite,
the iron oxide formed when Oz is restricted, also
occurred as a minor constituent.

It can be concluded that the loss of heat-transfer
efficiency in the first effect is caused by the
formation of anhydrite and the loss of efficiency
in Effects XI and XII is caused by the formation
of gypsum.
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SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

The operating logs were searched for periods
of known scale formation. Operating data for
typical periods are shown in Figure V-A4-0.
The solubility limits of Figure V-A4-5 for
gypsum and anhydrite in normal and concen-
trated normal sea waters are shown.

The data of 12/6/62 are from typical operation
during a high-temperature, high-production run.
The second %ngal report of Stearns-Roger
Corporation says for this period:

"Scale formation in Effects I and XII as evi-
denced by excessive carry over from Effect XII
and elevated temperature differentials across
Effects T and XII, confirmed that an extensive
outage would be necessary for the cleaning,
inspection, and modifications. It became
necessary to reduce Plant production to main-
tain the Effect I vapor temperature at, or
less than, the 251°F design maximum and to
minimize carry over from Effect XII.

"Inspection of the bottoms of all evaporators
for scaling disclosed that the tubes in Effect
I had minimal deposits; Effect XI had 76 tubes
showing heavy gypsum scale; and Effect XII
exhibited heavy deposit at the bottom of ap-
proximately 80% of the tubes, 115 of which were
plugged solidly."

Data from April 9, 1963, (during a month in
which a record production was established):

"Freeport product conductivity increased from

25 ppm sodium chloride to slightly greater

than 100 ppm. This increased carry over, com-
bined with the increased temperature differential
across Effect XII indicated a scale buildup in
this Effect."

Data from May 28, 1963, during the maximum
production run:

"Operating conditions, concentration of Effect
XIT brine, 3.8 maximum, Effect I vapor temper-
ature 250°F maximum.

"Continuous operation at these ratings could not
possibly be maintained over an extended period,
inasmuch as scale buildup in Effect XII would
necessitate a reduction in rate."

141



do ‘91npiadwa ) sung

INV1d NOILVYLSNOW3d
Wld ONITTVd AL 18043344
SNOILIANDD ONITTYDS ANV NOILYYd3dO0
9—-yv—A Old

. ovez ozz 002 081 091 ovl ozi 001

t + + +—t t -+ t + + +— ; + 4 f

€9/9/21 0OL} (g
€9/82/S 00} () 1.
A
4z
p9/61/¢ uolmiadg

1 X

_ - €
Buiwio ag 0] umouy 3|03 ® E:maxw\\\\\\\\\l\\ €9/2721 00LI (R ]
€9/6,% 0051 @
€9/82/5 001 @

<+ v
ds

JO}DMDOS |pWION X 104004 UO!{DNUO)UOD

1k2



SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

Both the operations of 5/28/63 and 12/6/63
indicated the presence of scale in the first
effect: both were attempted at 250°F. These
points exceed the solubility of anhydrite in
the heated feed sea water. Precipitation of
anhydrite 1is to be expected.

All operations at Effect XII brine concentration
factors exceeding three have been accompanied by
the formation of gypsum.

Also shown in Figure V-A4-6 is the temperature
and concentration of the brines in each effect
as measured on March 19, 1964. No appreciable
scale was being formed, and according to the
solubilities, none was to be expected.

It can be concluded that operation of the Freeport
Conversion Plant is limited to temgeratures of the
brine in Effect I of less than 240°F and Effect
XITI brine concentrations of less than three con-
centration factor if scaling is to be prevented
and normal sea water is fed.

More dilute sea waters can be raised to higher
first effect temperatures without scale for-
mation, but if concentration factors are based
on normal sea water and not on fed sea water,
the brine concentration in Effect XII cannot be
increased beyond three.

Operation of the long-tube, vertical, distillation
plant in supersaturated regions for extended
periods is unlikely.
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

A. Sea Water
5. Ion-Exchange Softening Design
a. Jon-Exchange Equilibria

If either calcium or sulfate can be removed
from the feed solution to the evaporator, then
the solubility product is less than in the
original raw sea water and the treated water
can be heated to a higher temperature and

more water can be removed to give a higher
output brine concentration.

A cation-exchange resin, such as Dowex 50, can
partially remove calcium from the feed sea
water and the resin can be regenerated by the
concentrated evaporator blowdown. The full
calcium concentration does not enter the evap-
oration circuit, but part of the calcium by-
passes the evaporator on the resin and leaves
in the regenerant.

The softening of sea water as a pretreatment
for saline yater conversion processes has been
patented(37).

The process has been tested successfully by the
Dow Chemical Company under contract number
14-01-0001-205 with the ?ffice of Saline Water
and has been reported 55).

Careful design of an ion-exchange unit requires
knowledge of the ion-exchange equilibria in the
system to be designed. The sea water - rgﬁin
equilibria has been reported previously(30).

The system of interest is a ternary ionic equi-
libria with Ca®™, Mg*t+, and Nat competing for
sites on the resin. All three ions must be
considered in the design. Although Mgtt is no
longer harmful as a scale former when the alka-
linity has been removed from the sea water, it
is still important to the exchange equilibria.

The variation in selectivity coefficient with
total solution normality is shown in Figure
V-A5-1. Only the two mono-divalent ion-exchanges
are concentration dependent. The Catt-Mgtt ex-
change is not affected by the concentration of
the solution.
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

The selectivity coefficients fit the equations:
1/2 MgS + NaR == 1/2 MgR + NaS
1/2 CaS + NaR == 1/2 CaR + NaS

1/2 CaS + 1/2 MgR == 1/2 CaR + 1/2 MgS

and are:
- 1/2 r
ca _ [xCa xNa ]
R bl B e
.LXS - \.XR -
g _ [T rlia)
Na, — —_
XMg XNa
LG LR -
gCa _ [xME /2 ryle 1/2
Mg Ca M
g
[ X5 | XR
where:
X%a is the equivalent fraction of calcium
on the resin
(equivalents Catt)
total capacity
Xga is the equivalent fraction of calcium

in the solution

(equivalents Ca’™t)
solution normality

and:

xga + xBa 4+ xP8 = T xp = 1

Ca Na M
Xg® + X% + XS%

From these equations and the selectivity coef-
ficients from Figure V-A5-1, the resin composition
can be calculated 1f the solution composition and-
concentration are known, and vice versa.
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SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

Given:
Xga, Xga, ng, Total concentration
K%g, K%i From Figure V-A5-1
Then: XR = 1
Na, cal2 [yNal2 yCa Mgl2 [yNaij2e Mg _
g™+ (kg2 {XR J xg% + [KNE] [XR J Ag= =1
Na Na,
X3 e

The real quadratic root is:

xPe = -1 4+ 91 + 4

2A
a = [kf2]? xgr + [xifg]? xife

S
e e

and:
6 - [ g [
ok
e o R e b
xe?]?

From these calculated equilibria, a plot of the
equivalent fraction of calcium on the resin can

be made against the equivalent fraction of calcium
in the solution. This has been done for various
total solution concentrations and various calcium
fractions in solution and is shown in Figure
V-A5-2.

It should be recognized that these plots are for
calcium in sea water and concentrated sea waters
only and that similar sets exist for Mg’ and
Nat and can be constructed from the same data.

In Figure V-A5-2 are shown the equilibrium lines

for normal sea water and sea waters of various
concentration factors. The difference between
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SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

the equivalent fractions of calcium on the resin
Xf@ in equilibrium with sea water and in equi-
librium with a concentrated sea water is the
amount of calcium that can be removed from a
given volume of solution by a given volume of
resin. The more concentrated the solution, the
more effective is the regeneration. The less
concentrated the sea water, the more effective
is the softening.

Design Conditions

Two conditions were chosen for the ion-exchange
design. Removal of 50 per cent of the calcium
from the feed sea water will allow heating to
275CF withoul anhydrite precipitation. This
condition can be met in a single-stage, sea-water
resin softening, if the resin is regenerated with
brine at a four-times concentration factor in a
fixed bed. This system has been thoroughly test-
ed in a pilot plant.

300°F was chosen as the maximum temperature at
which the existing Freeport Conversion Plant can
be safely operated. Both the original bid speci-
fications and plant design were for potential
operation at 300°F.

Operation at a first-effect brine temperature of
300°F will require removal of about 65 per cent
of the calcium from normal sea water and will
allow a regenerant brine concentration factor of
nearly five in the last effect.

Flows used for the ion-exchange design were those
to be expected when the existing plant 1s operated
at a higher Effect I temperature and a more con-
centrated effluent brine. These flows were taken
from the heat and material balances at the two
temperatures.
Residence times '8 the contact columns are taken
from prior work(3 ). Four minutes at a flow of
six feet per minute was used.

Temperature has relatively little effect on the
ion-exchange equilibria, but it does have an ef-
fect on the kinetics of the ion-exchange. The
hotter the sea water being treated, the more
rapid the exchange. The hotter the brine, the
lesser the viscosity and density, and the greater
the exchange rate.
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SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

The ion-exchange equipment can be located any-
where in the sea-water heating circuit, either
before or after the deaerator. Probably the
best location is after P-3 and the 312 con-
denser and before the 214 and 215 exchangers.

All ion-exchange designs have been based on
normal sea water as a feed although it 1is
realized that during a majority of the year

at Freeport, less than normal sea water will
be the feed. In general, the designs are con-
servative, are designed for the worst expected
condition, and operational softening should be
better than design.

Dowex 50 W, 50 to 100 mesh, eight per cent cross-
linked has been used as the cation resin in the
equilibrium design and capital cost estimates.

Continuous Cyclone. Fixed Bed Regeneration 275CF

This ion-exchange system was chosen for a first
design because it is the process Whi%h yas piloted
on sea water and previously reported 35).

The process flow sheet is shown in Figure V-A5-3.
The unit is designed so that the cyclone operates
continuously in single-stage equilibrium with the
feed sea water to produce a softened sea water
and spent resin. The columns are sized so that
at any one time, one column is feeding new resin,
one column is receiving spent resin, and one or
more columns are being regenerated or washed.
There must be an integral number of columns. The
amount of resin required is decreased as the number
of columns increases, but the capital required is
increased. The least total investment is the de-
sired condition.

Table V-A-5-1 reports the required capital and
resin for three, four, and five total columns.
It is apparent that the larger number of columns
is most economical for this design condition.

Continuous Cyclone. Staged Softening and Re-
generation, 275°F

Consideration was given to a multiple-staged
softening and regeneration in which both soften-
ing and regeneration are conducted in concurrent
contact columns followed by hydraulic cyclones.
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

This system has not been pilot planted, but
was designed from the resin equilibrium data.

The flow sheet for the 275°F, 50-per-cent
calcium-removal condition is shown in Figure
V-A5-4. Two softening and two regeneration
stages are sufficient when twelve volumes of
normal sea water are softened by one volume of
resin, and the brine concentrated four times.

The equilibrium diagram is shown in Figure
V-A5-5. The circled numbers in Figure V-A5-5
correspond to the circled numbers in the flow
sheet.

The incoming raw-feed sea water is mixed with
the underflow from the second softening stage
eﬂ:C)and comes into equilibrium with the first-
stage softened water at(2) The resin from the
first stage is forwarded to the second regener-
ation stage at () and the first-stage softened
water over the cyclone is mixed with freshly
regenerated resin at (3) and comes into equi-
librium at(:)to form the final softened sea
water and the second-stage resin.

The water 1s evaporated with no change in the
ratio of ions so the soft sea water becomes the
feed brine to the first regeneration stage at (5
where it is mixed with the resin from the second
regeneration stage. When equilibrium is reached
ai;@a the regenerated resin is the underflow
from the cyclone and the overflow is the feed to
where it is mixed with the spent resin fnmn()
At pointthe spent regenerant is in equilibrium
with the second brine-stage resin. Because there
has been no precipitation or accumulation of cal-
cium, the equivalent fraction of calcium in the
spent brine must equal that of the raw sea water.

The slope of the lines from points()'UJCD C)1x><)
etc., are set by the ratio of solution to resin.
There 1s some dilution of the second brine stage
by the solution accompanying the spent softening
resin, and some increase in concentration in the
second softening stage caused by the brine ac-
companying the regenerated resin. These dilutions
and concentrations have been allowed for by the
shift of the equilibrium lines.
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FIG. V-A5-5

SOFTENING AND REGENERATION EQUILIBRIUM DIAGRAM

275 °F OPERATION
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SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

Using these diagrams, an estimate has been made

of the required capital and amount of resin
required. This 1s compared with the three fixed-
bed estimates of the previous sections in Table
V-A-5-T. It is apparent that the multiple staging
has greatly diminished the amount of capital and

amount of resin required to soften an equivalent
amount of sea water.

The proposed operation is sound and should present
no mechanical or physical problems that have not
previously been encountered or solved. The second
brine stage will operate close to or above the
solubility 1limit of gypsum. The relatively short
retention time in the columns, the turbulent flow,
and the presence of the resin should delay gypsum
precipitation, but it is recommended that the
overflow be diluted to a concentration factor of
less than three by the condenser cooling water.

Continuous Cyclone. Staged Softening and Re-
generation, 300°F

Operation at 300°F requires that about 65 per cent
of the calcium be removed from the solution. Be-
cause the staged operation was much more economical
for the 275°F case, it was the only system studied
for 300°F operation.

It was found that two regeneration stages were not
sufficient to remove enough calcium at the expect-
ed brine concentrations at reasonable resin to
solution ratios without additional regenerant.

For the extended plant operation, 16 gallons per
minute of saturated NaCl brine was required. Al-
though saturated brine 1is available close to the
Freeport plant site, it was felt that this was a
specialized, local condition, and not representa-
tive of normalized conditions.

Three regeneration stages and two softening stages
were able to soften normal sea water sufficiently
to prevent precipitation of anhydrite at 300°F
without the use of additional regenerant.

The flow sheet is shown in Figure V-A5-6 and the
equilibrium diagram in Figure V-A5-7. The circled
numbers are equivalent in the equilibrium diagram
and on the flow sheet. The normalities correspond
to the expected dilutions by the solutions ac-
companying the underflow resins.
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FIG. V-AS-7

SOFTENING AND REGENERATION EQUILIBRIUM DIAGRAM

FOR 300°F OPERATION
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SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

The cyclone splits were taken so that the first-
stage softening cyclone (SI) and the first and
second-stage regeneration cyclones (BI and BII)
were operated to produce a low-water-content
underflow at some inefficiency in resin recovery.
The second-stage softening and third-stage brine
cyclone splits were taken for more efficient
resin recovery. An in-line solids separator is
used as protection against resin leaving the
system in the brine cyclone overflow.

The equipment schedule and ion-exchange capital
cost for the extended 300°F operation is shown
in Table V-A-5-I.

The capital and resin requirements are compared
in Table V-A-5-1T.

Normalized Plant

The most economlcal method of operation of those
studied was the BOO F operation using two soften-
ing and three regeneration stagz:u.

The ion-exchange softening system for the nor-
malized one-million-gallon-per-day plant was
designed from the same equilibrium diagram as
the 300°F revised Freeport plant flow, with the
equipment resized to fit the smaller flow con-
ditions.

The ion-exchange capital is included in the nor-
malized-plant capital estimate. No additional
regenerant is required. The flow sheet 1is

shown in Figure V-A5-8.
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Item
Number

SI, SIT

BI, BII,
BIII

SIC, SIIC
BIC, BIIC,

BIIIC

PI, PII,
PITII

FL1

Resin

TABLE V-A-5-1

EQUIPMENT SCHEDULE

300°F EXTENDED OPERATION

CONTINUOUS STAGED CYCLONE

Description

Column 7-ft diameter x
24_ft steel epoxy lined

Column 4.5-ft diameter x
2h-ft steel epoxy lined

Erection of Columns

24-inch hydraulic cyclone

steel, rubber lined

12-inch hydraulic cyclone

steel, rubber lined

Slurry pump 450 gpm
1750 rpm, 50 hp

Separator, line solid

Dowex 50W 50-100 mesh
Placing in Column

Flow indicator
Pressure indicator
Salinity indicator
Mount and pipe

Foundations
Piping
Electrical
Painting
Fees, etc.

Total Installed Cosctc

160

Quantity

Total Cost
Installed

750

2 $ 9,94l

3 8,598
855
2 1,200

5 795
3 7,800

1 1, 000
cu ft 17,155
176

2,800
125
350

1,796

3,400
16, 000
5,030
1,600

NI

7,924
$86,548
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

A.

Sea Water

6.

Sea-Water Filtration

Filtration and clarification of the incoming sea
water is discussed in Section IV-A. It seems
better to design the equipment to handle the silt
load in the sea water rather than to design equip-
ment to separate the solids.

The multiple-staged, fluidized, ion-exchange beds
will not require filters, either on the raw sea-
water feed, or on the regenerant brine stream.
Filtration in this case is not necessary.
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

A. Sea Water

7. Review of Badger 300°F Seeding Process

a. Process Description

Calcium sulfate scale formation normally limits
the maximum scale-free sea-water evaporation
temperature to about 235°F (Figure V-A4-5).
Increasing the maximum temperature at which

an evaporator can be maintained scale-free,
and thus increasing the available temperature
difference across the evaporator heat-transfer
surface, 1s an important means of increasing
the vapor production rate. The revised 275°F
and 300°F process flow sheets included in this
report illustrate the point.

In the last eight months of 1963, W. L. Badger
Associates, Inc. operated, at the Office of
Saline Water Harbor Island Test Station, a
pilot plant to develop a means of preventing
CaS04 scale formation at temperatures up to
300°F. The pilot plant and process were de-
signed to duplicate as closely as possible

the conditions that would re?ﬁ t 1f the Freeport
plant were operated at 300°F\%). This process
is being reviewed here at the request of the
Office of Saline Water.

The pilot-plant process involved the following
steps:

(1) Warming sea water to 135°F.

(2) Decarbonating and deaerating the sea water
by steam stripping.

(3) Preheating sea water to approximately 300°F.

(4) Adding to sea water a CaSO. (anhydrite)
seed-crystal slurry, either during preheat-
ing or immediately after, to give a seed
concentration of two grams per one hundred
cubic centimeters.

(5) Passing of this stream through a retention

column to afford time for supersaturated
CaS0,4 to precipitate on the seed crystals.
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SECTION V.

PROCESS CHEMICAL CONSIDERATIONS

(6) Feeding retention-column effluent to the
long-tube, vertical evaporator. It ope-
rated at a boiling point of about 300°F
and evaporated about six per cent of the
feed.

(7) Further concentrating the long-tube,
vertical-evaporator effluent in a forced
circulation evaporator to a concentration
four times normal sea water. This simulated
the remaining eleven effects of a twelve-
effect plant.

(8) Passing the resultant slurry through a
thickener for recovery of seeds. The under-
flow was returned to the fourth step. An
underflow slurry heater was required 1if
slurry was added after the sea-water pre-
heater.

It was found that scale did not form in the long-
tube, vertical-evaporator if the retention-column
temperature was slightly above the long-tube,
vertical evaporator operating temperature. If
the long-tube, vertical evaporator feed temper-
ature was too low for as little as 20 minutes,
scale started to form, but it redissolved in

less than an hour after an increase in feed
temperature resulted in the feed solution again
being unsaturated at the boiling point.

The seeds were reactive to the extent that about
98 per cent of the potential CaSO, scale precip-
itated during a 35-second contact time.

Scaling of the sea-water preheater occurred only
in those sections where the sea-water temperature
normally exceeded 300°F. Partway through the
Lg5_hour run, the seed slurry was preheated
separately to eliminate the possibility that
preheater scaling might be aggravated by the
seeds. The slurry-heater scaling rate was higher
than that of the sea-water preheater, but was low
enough that a full plant could be operated using
two slurry heaters, one in service and the other
being cleaned by flushing with warm sea water.

Process Adaptation to a Forward-Feed, Multiple-
Effect, Long-Tube, Vertical-Evaporator System

The schematic diagram, Figure V-AT7-1, illustrates
the resulting flow pattern if the Badger process
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

were added to a multiple-effect evaporator
system. It will be helpful in visualizing the
changes in concentrations and flow rates caused
by the adaptation.

(1) CaSO4 Solubility Path

Calcium sulfate solubility relationships
are the heart of the process. As shown

by Figure V-A4-5, normal sea water is
saturated with respect to CaSOs (anhydrite)
at temperatures above 235°F. The slow
kinetics of anhydrite crystallization pre-
sumably allow further heating to slightly
over 300°F where supersaturation is re-
lieved by precipitation initiated by
anhydrite seed crystals from the recir-
culated brine slurry. The first evaporator
effect feed 1s unsaturated only to the ex-
tent that the anhydrite dissolution rate
lags that slightly increased solubility
because of the drop in temperature from the
retention column to the first-effect boiling
point.

As the brine slurry is cooled in passage
through the evaporator system, anhydrite
solubility increases because of the effect
of both lowering temperature and increasing
concentration factor. At an intermediate
point, hydration of the dissolving CaSO04
begins so that the last-effect brine-effluent
concentration factor is limited instead by
gypsum solubility at the brine temperature.
Thus CaS04 solubility increases with brine
passage from retention column to seed re-
covery, and conversely decreases with sea~
water and seed-slurry heat-up to retention
column temperature.

If the anhydrite-gypsum reversal proceeds
completely with each temperature cycle of a
given seed crystal, a calcium balance on

the schematic diagram reveals that for scale-
free plant operation, calcium entering in the
sea-water feed equals calcium leaving in the
saturated (no seeds) thickener brine over-
flow. So no CaSO4 will be accumulated unless
the last effect effluent is concentrated be-
yond gypsum saturation, and seeds may be lost
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

by dissolution if the effluent is under-
saturated. Lack of knowledge of the
actual completeness of the anhydrite-
gypsum transformation under a given set
of conditions and for a given brine
history hampers prediction of CaSO, gain
or loss under this more probable incom-
pletely reversed case.

(2) Seed Recovery

The Badger process requires the recovery
of seed crystals for heating and recir-
culation to the retention column. This
obviously requires a thickener, centrifuge,
cyclone, or some other means of concentra-
ting the effluent brine with respect to

the solids contained. The importance of
the degree to which the seeds are concen-
trated can hardly be over-emphasized. For
a given retention-column seed concentration,
the relative flow rates of sea-water feed
and seed slurry are determined by the
slurry-seed concentration. A lower slurry-
seed concentration means a higher slurry
flow rate, larger proportion of high con-
centration-factor brine being mixed with
raw sea water, and thus a higher first-
effect-feed dissolved-solids concentration.
This, in turn, causes a higher boiling-
point elevation in each effect.

For a given production rate and final-
effect concentration factor, a higher
first-effect concentration factor means a
higher internal flow to be pumped through
the evaporator system. The higher slurry
flow rate requires a larger thickener,
larger slurry pump, and larger slurry
heaters for a given production rate.

The lower the slurry-seed concentration,
the higher the heat capacity of the slurry
and more potential scaling surface is re-
guired to heat it.

(3) Heat Transfer

Additional heat-transfer equipment is re-
guired to adapt the Badger process to a
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SECTION V. PROCESS CHEMICAL CONSIDERATIONS

conventional multiple-effect, long-tube,
vertical, distillation plant. The ad-
ditional heat is required to superheat
both the sea-water feed and seed slurry
with respect to the first-effect boiling
point. The sea water is heated from a
few degrees below the first-effect vapor-
head temperature, and the seed slurry
heated from about the last-effect vapor-
head temperature. The seeds do not
completely eliminate high-temperature
scaling, hence, this superheating merely
transfers the risk of scaling from the
first effect to the feed heaters. The
same temperature steam supplying energy
to the first effect may be used to super-
heat both the feed streams.

Since these additional feed heaters pro-
vide more heat-transfer surface through
which energy may be put into the evapo-
rator system, they are a means of
increasing production provided the sea
water and brine pumps can handle the
higher flows required.

Possible Operating Problems

The Freeport Conversion Plant has ex-
perienced considerable difficulty in
handling suspended solids in the liquid
streams. The silt incoming with the sea
water has built up on the distribution
plates in the evaporator water boxes and
accelerated the problems caused by the
flaking rust from the steel surfaces.

Sedimentation has been observed in many
places of low velocity or in which the
fluid has changed direction. Basket
strainers have been added to the evapo-
rator cone bottoms above the brine pumps
and removable strainers have been con-
sidered. The silting problem has been so
severe that the present settling basin
has been repiped in an effort to remove
as much as possible of the incoming sea-
water solids.
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A CaS04 slurry would be equally as trouble-
some, and would have the potential problems
connected with recrystallization. Indeed,
the hydration of either anhydrite or hemi-
hydrate to gypsum (setting of plaster of
paris) would, with the already existing
solids, furnish an ideal mortar for the
concrete.

Much care would have to be taken to prevent
settling of the solids. Since a single
pump failure would now shut down the train,
the solids would be allowed to settle, par-
ticularly in the cone bottoms. Startup
would be difficult, if not impossible.
Sparing of all pumps would be desirable

in a slurry system.

C. Heat- and Mass-Balance Calculation Procedure
(1) Process Temperatures

A heat- and mass-balance calculation pro-
cedure was developed for the adaptation
of the Badger process to the Freeport
Conversion Plant in order to determine
the adequacy of the present equipment
there. The same temperature distribution
among effect vapor heads and 300-series
condensers was used as was used in the
300°F revised process presented elsewhere
in this report. Heat loss per effect was
also taken as 0.3 per cent of total heat
input from both steam condensation and
brine superheat. Heat exchangers 208
through 211 were similarly replaced with
flash tanks.

Some additional temperatures had to be
specified. Sea water and seed slurry were
both heated to 305°F by the same 316°F
steam that went to the first effect. Con-
densate was routed to flash tank number one.
This temperature was about 4CF above Effect
I boiling point and should more than com-
pensate for heat losses from the retention
column. Feed was assumed to enter the
Effect I at its boiling point. Thickener
underflow was assumed to enter the slurry
heater at lEOOF, thus allowing about 2.5°F
temperature drop in the thickener.
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The same 75 - 25 Dow - Freeport product-
water split was used in calculating
exchanger 215.

(2) Badger Parameters

The Badger report specified a feed slurry
concentration of about two grams of solids
per 100 milliliters of slurry. These units
proved unwieldly in subsequent calculations
and so were converted to a weight-fraction
basis. Using the concentration of the
Badger feed as 1.43 times normal sea water,
the two grams per 100 milliliters converted
to a 0.0206 weight fraction at 305°F. This
value was used throughout all seeding process
calculations.

The limiting concentration in the last ef-
fect Yﬂ§ taken as 5.5 times normal sea
water .

(3) Steam Rate

It was not possible to utilize the full heat-
transfer potential of Effect I in these
balances. Normally, in calculating a hypo-
thetical heat and material balance for the
plant, the heat input of Effect I was deter-
mined, a production rate was estimated, and
the required sea-water feed to achieve the
desired Effect XII concentration was cal-
culated. The balance was then calculated
through the plant based strictly on the
thermal properties of the streams until

the actual effluent concentration was
reached. As a first trial in the Badger
adaptation, the Effect I over-all heat-
transfer coefficient used was the one
applied in the revised 300°F process (aver-
age of five actual operating coefficients).
The resulting steam input to the effect
plus the additional steam to the feed ard
slurry heaters yielded a production rate

of over 790,000 pounds per hour (2.3 mil-
lion gallons per day).

However, the flows and heat loads exceeded

the capacity of all but two pumps, all but
two of the 300-series condensers, the last
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four effects, and the present thickener.
Time limitations did not permit incre-
mentally reducing production and
calculating new plant capital required
for each increment.

Instead, the steam input which the present
Effect I could handle was reduced by the
amount required for the extra sea-water
feed heater. Balances were then cal-
culated for the cases of using the present
55-foot-diameter thickener and a 100-foot-
diameter thickener, the largest the present
site could accommodate. The difference in
total steam input between the two cases
reflected only the difference in the heat
required by the respective slurry heaters.

Procedure Steps

The first step in the calculation was to
assume a net production rate. This could

be based on an estimate of the steam

economy times the steam input. The under-
flow-solids concentration which the thickener
could produce at this production rate was
then read off the generalized thickener
calculation curve. (Calculation of this
curve will be explained in the next section.)
Use of a concentrated sea-water density chart
and the handbook density of anhydrite en-
abled calculation of the underflow-solids
weight fraction (Yg) at 120°F.

To achieve the desired retention-column
feed~-solids weight fraction of 0.0206, the
slurry flow rate had to be:

0.0206 o ayF
Yg-0. 0206

The sea-water feed rate was calculated by
the following equation:

SWF = 3.5 (Assumed net production
3.5-1.0 + steam to deaerator)

where 1.0 was the concentration of the sea-
water feed (assumed to be normal sea water)
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and 3.5 was the last-effect effluent con-
centration. Both the slurry-feed rate (S)
and sea-water feed rate (SWF) could then
be calculated.

The concentration factor (CF) of the re-
tention-column feed could be calculated by:

oF = 3-5(1-Yg)S + 1.0 SWF
(1-Yg)S + SWF

Solubility-product calculations showed
that relief of CaSOs4 sugersaturation in
normal sea water at 305%YF involved pre-
cipitation of only 2.0 per cent of the
total dissolved solids in normal sea
water. Thus the retention-column feed
concentration factor could also be ac-
curately used in determining the
properties of the Effect I liquid feed.

For a typical balance the calculated

heat capacity of the Effect I feed (in-
cluding seeds) was 98 per cent of the
brine heat capacity. The Effect XII ef-
fluent heat capacity was 96 per cent of
the effluent-brine heat capacity. Hence,
the heat capacity of the brine seed slurry
throughout the system was taken as 97 per
cent of the brine heat capacity at the
same temperature.

The heat and mass balance could then be
made on the evaporator system. If the
desired last-effect effluent concentration
was not attained with the desired accuracy,
the assumed net production rate was cor-
respondingly adjusted and the procedure
repeated.

Generalized Thickener Calculation

Ordinary procedure in plant design would

be to specify a thickener underflow-solids
concentration and then calculate the
thickener dimensions required. However,

in this case, the diameter of the thickener
was given and the expected performance had
to be calculated. The performance would
vary with the volume flow to the thickener
and thus with the production rate.
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A generalized plot of thickener under-
flow-solids concentration as a function
of thickener area was prepared with net
production rate as an additional param-
eter to be specified. The Kynch theory,
based on the determination of the set-
tling rate and capacity-limiting zone
from a single batch-settling egt, was
the basis of the calculations(33).

Two sets of batch-settling test curves
are presented in the Badger report, one
for the long-tube, vertical, evaporator
feed and one for the thickener underflow.
The feed data was used by Badger to pre-
dict that the 35-foot Freeport thickener
would be adequate for a two-million-
gallon-per-day output. The settling
velocity at free-settling conditions was
calculated. It averaged 0.96 inches per
minute and corresponded to an average
Stokes diameter of 17 microns.

The Badger pilot-plant clarifier was
larger than needed and required under-
flow recycle to avoid over-thickening

and an excessively low flow rate through
the slurry heater. The underflow batch-
settling test was used by Badger to predict
that the 1l4-foot deep Freeport thickener
could achieve the ultimate settled density
of 70 grams solids per 100 milliliters.
Initial underflow-solids concentration in
the settling tests was in the range 17-22
grams solids per 100 milliliters.

It was unfortunate that samples of the
actual thickener feed were not subjected

to batch-settling tests because of the
widely varying settling rates between the
feed and thickener underflow samples. For
example, application of the Kynch method

to the 17 grams solids per 100 milliliters
underflow sample showed that at a production
rate of 1,554,000 gallons per day, the
Freeport thickener could further concentrate
to only 18.5 grams solids per 100 milliliters.
At a two million-gallon-per-day rate, the
concentration would be even less.
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One reason for the discrepancy in the
calculated performance of the Freeport
thickener could be that the Badger cal-
culation apparently was based on the
settling rate in the upper clarification
zone, whereas, when the slurry approached
hindered settling conditions, the actual
capacity-limiting zone was revealed in
the underflow settling test calculations.
These latter calculations and the gener-
alized thickener plot will be used in the
heat and material balances presented in
this report.

d. Results of Badger Process Adaptation to Freeport
Conversion Plant

Figure V-AT7-2 illustrates the process flow
lines for the Badger process adaptation to
the Freeport Conversion Plant. Alternate

slurry heaters are provided for the higher
temperature heating of the seed slurry. A
large excess of cooling water from the 312
surface condenser would always be available

for flushing out the off-stream slurry heater.

(1)

Present Thickener Case

A summary of the heat- and material-bal-
ance results for the adaptation using the
present Freeport thickener is shown be-
low.

Sea-water feed rate - 896,000 1b/hr
Slurry rate - 141,700 1b/hr
Including 18 gms seeds per 100 ml

85 psia steam input:

300 SWF heater 9,848 1vb/hr
Effect I 46,499 1b/hr
Slurry heater 23,119 1lb/hr

79, 466 1b/hr

Net production: 640,000 1b/hr
Gross production: 719,466 1b/hr =

2,069, 000 gpd

Steam economy - 8.05 1b net water
1b steam

17k
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Table V-A-7-1 1lists the equipment changes
needed to accommodate the balance values.
The retention column was designed for a
one-minute contact time. The cost of the
present thickener was deducted from plant
capital investment in 1962 by Stearns-
Roger Corporation, the plant operating
company, and also is not included in the
estimate of present plant capital earlier
in this report. Costs given here for
modified or replacement equipment is com-
pared with the purchased cost of present
plant equipment in Table V-A-7-I. The
additional equipment costs are the fab-
ricated or purchased costs.

(2) New 100-Foot Thickener Case

Listed below are the results of the heat
and material balance for the use of a
100-foot-diameter thickener in the
adaptation of the Badger process to the
Freeport Conversion Plant.

Sea-water feed rate - 806,400 1b/hr
Slurry rate - 55,700 1lb/hr
Including 43 gms seeds per 100 ml

85 psia steam input:

300 SWF heater 8,863 1b/hr
Effect I 47,484 1b/hr
Slurry heater 7,716 1b/hr

64,063 1b/hr

Net production: 576,000 1b/hr
Gross production: 640,063 1b/hr =

1,841, 000 gpd

Steam economy - 8.99 1b net water
1b steam

Table V-A-7-IT lists the equipment changes
needed to accommodate the balance values.
Costs are on the same basis as Table V-A-7-I.
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TABLE V-A-T-1

EQUIPMENT CHANGES USING PRESENT THICKENER

IN BADGER SEED SLURRY ADAPTATION

MODIFIED

Pumps, P=1 aND P=2

P=3

P-l4Y4

P-51
EFFecT IX, ApD |2 TUuBES
EFFecT X, Aop 78 Tuses
302 ConNDENSER, Abp 78 Tuses, TUBE ouT
303 ConNDENSER, ADD 69 TUBES, TUBE OUT
307 ConDENSER, ADD 29 TUBES, TUBE OUT

ToTAL
REPLACEMENT

304 CoNDENSER, 3!=IN. SHELL TUBED OUT

308 CoNDENSER, 3!=IN. SHELL TUBED OUT

309 CONDENSER, 3I1=IN. SHELL TUBED OUT

310 CONDENSER, 31=IN, SHELL TUBED OUT

311 CONDENSER, 3|-IN. SHELL TUBED OUT

312 SurFAace CONDENSER, CHANGE TO 28-FT TUBES,
SAME SHELL ID AND TUBE COUNT

EFFEcT X1, 7O-IN. ID, 702 TuBES (24-FT)

ErFect X11, 83-in. ID, 995 TuBEs (24-FT)

PuMPs AND MOTORS, ALL EXCEPT THOSE MODIFIED

ToTAL

ADD I TIONAL

35=FT THICKENER

SLURRY RECYCLE PuMP wiTH 25 HP MoTOR

3 SLURRY HeaTeErs, I7-1/4-iN. sHELL; 3/U-iN.,
18-BWG, AL-Br 12-FT TuBES AT $3,250

SWF PREHEATER, SAME As 30! CONDENSER, 28-IN.
SHELL

RETENTION COLUMN Y4-FT DIAMETER X 22-FT

ToTAL

TotaL CosT oF EQUIPMENT

17T

EquipPMENT CosT

PRESENT

$ 16,310
1,782
1,118
|,603
28,490
28,243
5,682
6,615

— 1,330

$ 97,173

7,794
7,830
6,480

7,665
7,006
18,685
34,800
35,000
39,470

$164,730

0

$261,903

SEED SLURRY

$ 18,760
2,132
1,418

1,903
29,040
32,073

7,492

8,215

8,000

$109,033

9,095
9,095
9,095
9,095
9,095

30,200
39,920
55,100
4o, 748

$211,443

17,000
1,630

9,150

7,830

$ 39,980
$360,456



TABLE V-A-T-11

EQUIPMENT CHANGES USING 100-rT DIAMETER THICKENER

IN BADGER SEED SLURRY ADAPTATION

MoDIF1ED

Pumps, P-| anD P-2
P-3
P-lik
P-51
EFFecT X, Aop 40 Tuses
EFFecT X!, App 4 Tuses
303 ConNDENSER, ADD 69 TUBES, TUBE OUT

ToTAL
REPLACEMENT

30h CONDENSER, 3I1=IN., SHELL TUBED OUT

308 ConDENSER, 31=IN. SHELL TUBED OUT

309 CoNDENSER, 3l=IN. SHELL TUBED OUT

310 CONDENSER, 3l=iIN. SHELL TUBED OUT

311 CoNDENSER, 3l-IN. SHELL TUBED OUT

312 SurFace CONDENSER, PRESENT ID AND TuBE
COUNT 22=-FT TUBES

EFFecT X!1, 76-in. ID, 825 TuBEs (24-rT)

PUMPS AND MOTORS, ALL EXCEPT THOSE MODIFIED

ToTAL
ADD I TIONAL
100=FT THICKENER, EARTHFILLED SiDES
SLURRY RecYcLE PuMP WITH |5 HP MoToOR
3 SLURRY HEATERS, I2-IN. SHELL; 3/4-IN.,
18-BWG, AL-BR I10-FT TusBes AT $2,310
SWF PREHEATER, SAME As 30| CONDENSER
RETENTION COLUMN Y4-FT DIAMETER x 18~1/2-FT

TotaL

TotaL CosT oF EQUIPMENT

178

EQuiPMENT CoOST

PRESENT

$ 16,310
1,782
1,118
|,603

28,243
3k ,800

6,615
$ 90,471

7,794
7,830
6,480

7,665
7,005

18,685
35,000
__39,470

$129,929

(@]

o O

0

$220,400

SEED SLURRY

$ 18,760
2,132
1,418
1,903

30,203
35,000
8,215

$ 97,631

9,095
9,095
9,095
9,095
9,095

24,475
50,300
39,270

$159,520

50,000
1,340

6,930
7,830

$326,651
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€. Badger Process Adaptation Using High-Temperature
Seed Recovery

Removal of the larger seed crystals by settling
out in the retention column was suggested in
the Badger report. Recovery of all seeds im-
mediately after use in the retention column has
several advantages over thickener seed recovery
at a lower temperature. A higher steam economy,
less potential scaling surface, and reduced
capital cost would result from the elimination
of the slurry heaters. None of the potential
operating problems attendant to feed-slurry
passage through the effects could materialize.
With these points in mind, the Badger process
using high-temperature, pre-Effect-I, hydraulic-
cyclone seed recovery was hypothetically adopted

to the Freeport Conversion Plant as shown in
Figure V-AT7-3.

Performance of the seed-recovery equipment is
critical here as it was in the thickener adap-
tation, and cyclone performance must be
specified before a heat and material balance
can be calculated. Seed recovery could fall
into one of three areas.

If the weight of seeds removed in the cyclone
underflow exactly equals the weight fed to the
retention column, the Effect-I feed must con-
tain the same Ca and S04 content as the sea-water
feed. The net effect would then be simply the
precipitation of CaSO, equivalent to that re-
quired to relieve the supersaturation at retention-
column temperature. The solubility product of
CaSO, in normal sea water at 3050F is 43 x 10-*
(weight per cent squared) according to Figure
V-A4-3., Using this solubility product, the
retention-column-~-feed seed weight fraction of

0. 0206, and assuming one-fourth of the cyclone
feed leaves it as underflow, the cyclone ef-
ficiency for this case would be 97.5 per cent.

If the cyclone could not remove this percentage
of seeds, the case exists in which seed make-up
would be required. The plant would not be ope-
rated this way continuously, but provision
should be made in any process design to add
CaS04 for start-up purposes.
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If the cyclone removed more seeds than specified
in the first case, part of the underflow stream
must be blown down to maintain a constant re-
tention-column feed concentration. This case
was the most desirable because the total CaSO4
content at the Effect-I feed would be less than
the sea-water feed and the limit to which it
could be concentrated without exceeding gypsum
solubility would be extended. Adding to the
assumptions made in calculating the first case,
the assumption that the cyclone operates with

99 per cent efficiency, all flows and seed
concentration to and from the retention column
and the cyclone may be calculated by solving

six simultaneous equations. The results are
shown in Figure V-A7-4. All flows are in terms
of the sea-water feed rate and all concentrations
are in seed weight fractions.

The limiting concentration factor in Effect XII
for all three cases is shown below. Since these
calculations were an extension by Dow of the
Badger process, the more conservative 2.9 limit-
ing concentration factor presented by Dow in
Figure V-A4-5 for normal sea water was used as
the base. The product of Ca and SO4 weight
percentages in Effect-I feed includes both
liquid and solids in the slurry.

Cyclone
Efficiency, Limiting Effect-XII
Fraction Gypsum Potential, Concentration
Solid (Ca)(S04) Factor - from
Recovery (weight per cent)?2 Figure V-A4-}4
0.9745 0.011027 2.9
<0.9745 >0.011027 £2.9
0.9900 0. 006679 3.6
1.00 0. 00430 4,5

The flow and concentration values calculated for
the 99-per-cent-efficient cyclone were used in
preparing a heat and material balance for cyclone
use in the Badger process adaptation. The limit-
ing Effect-XII concentration factor was taken as
3.6. It was assumed the seed slurry did not cool
enough in passage through the cyclone to require
a slurry heater. The same temperature distri-
butions and heat-loss factor were used as were
used in the revised 300°F balance presented
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FIG. V-A7 - 4
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PROCESS CHEMICAL CONSIDERATIONS

elsewhere in this report. Heat exchangers 208
through 211 were replaced with flash tanks.

The results of the heat and material balance
were:

Sea-water feed rate - 744,700 1b/hr

Cyclone underflow at 8.4 gms seeds per 100 ml
Included recycled slurry - 243,000 lb/hr
Blowdown - 3,900

85 psia steam input:

300 SWF heater 8,185 1b/hr
Effect I 48,162 1b/hr

56,347 1b/hr
Net production: 535,000 1b/hr
Gross production: 591,347 1b/hr =
1,701,000 gpd

Steam economy - 9.49 1b net water
lb steam

Table V-A-7-II1 lists the equipment changes
needed to accommodate the balance values.
Estimates were obtained on both centrifuges

and hydraulic cyclones as means of seed re-
covery before Effect I. The cyclone alternative
was cheaper by a factor of twenty, and the cost
estimate given for it is based on a Dorr-Oliver
Pipeline Solids Separator or its equivalent.
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TABLE V-A-7-111

EQUIPMENT CHANGES USING CYCLONE SEED RECOVERY
IN BADGER SEED SLURRY ADAPTATION

EQuiPMENT COST

PRESENT
$ 16,310
1,782
1,118
|,603
9 TUBES, TUBE OUT 6,615
$ 27,428
SHELL TUBED OUT 7,830
SHELL TUBED OUT 6,480
SHELL TUBED OUT 7,665
SHELL TUBED OUT 7,005
R, 20=FT TUBES, SAME
TUBE COUNT 18,685
D, 705 Tuses (24-FT) 35,000
L EXCEPT THOSE MODIFIED 39,470
$122,135
wiTH 40 HP MoTor o}
As 30| CONDENSER 0
0
AMETER AT $8,000 0
0
EQUIPMENT $149,563
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22,515
39,920
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2,370
7,830
3,770

16,000
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f. Conclusions and Recommendations
The Badger 300 F seeding process should permit
300°F operation of the first effect of a long-
tube, vertical, distillation plant. However,
the pilot-plant report indicates scaling is by
no means eliminated. A lessened amount of
scale is possible in the feed and slurry pre-
heaters.
Summarizing the adaptation balances:
Steam
Gross Daily Economy, Additional
Production, 1b net water Capital Req'd,
Seed Recovery m gal 1b steam Purchased Cost
Present thickener 2. 069 8.05 $ 98,553

New 100-foot-dia-
meter thickener 1.841 8.99 106, 251

Two new hydraulic

cyclones

1.701 9. 49 54, 070

The only rate equation which limited the three
Badger-process-adaptation balances pertained to
the performance of the seed recovery equipment.
The steam economy calculated should then be
representative of the process adaptation having
the given thickener or cyclone-underflow seed
concentration, and should be independent of heat-
transfer rate considerations. As expected, the
case with the lower thickener-slurry concentration
had the poorest steam economy, and the cyclone
case, requiring no slurry reheating, had the best.
Since steam cost is normally over 30 per cent of
the total water cost, this is a significant ad-
vantage. The steam economy of all three cases
could be improved incrementally if one were will-
ing to risk less superheating of the retention-
column feed streams with respect to the Effect-I
boiling point.

From the standpoint of the additional capital
required, the cyclone case also appears to be the
most economical. Capital cost estimates made
here should be compared only among the three
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adaptations, and caution exercised in any com-
parison to other plants of the same production
rate. This is because it was not possible to
utilize the maximum heat-transfer capacity of
all the effects as explained previously. Eco-
nomics of the adaptations would show up more
favorably in plants designed specifically for
them.

Some additional technical information would be
helpful to the future development of the seed-
ing process.

Batch-settling test data on actual Effect-XII-
brine seed-slurry samples is needed. Concen-
tration of this slurry beyond 43 grams per 100
milliliters would make possible an increase 1in
steam economy for the thickener adaptation.
Experimental experience in pumping and heating
CaSO4 slurries in the concentration range 40-70
grams per 100 milliliters is desirable.

Pilot-plant work on hydraulic-cyclone performance
under the desired conditions prior to Effect I
would be very valuable. An evaporator system
would not be needed for this investigation. How-
ever, the sea water should be heated without
scale to 305°F.
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B. Product Water

1.

PROCESS CHEMICAL CONSIDERATIONS

Estimate the effects of product water on materials
of construction and expected corrosion of metallic

systems.

Examine test spools and plant piping.

Determine Langelier Index of product water and
chemical requirements for water balancing.

a. General conclusions of the study of the product
water are:

(1)

The water is considerably more corrosive
than either raw Freeport well water or
than chlorinated Freeport well water
(refer to Table V-B-1-I).

Its normally corrosive nature is due to
its lack of scale-forming ability. This
is to be expected of any very pure water.
Its normal corrosiveness is enhanced by
the presence of free COz during irregular
intervals.

Treatment of the product water at the
Freeport Conversion Plant with ten parts
per million CaClz, plus ten parts per
million NaoCOsz has been beneficial. This
has decreased the rate of corrosion of
plain steel in the water to about one-half
of that which would exist without the
treatment.

Blending the converted water with Freeport
well water in the approximate ratio 25:65

respectively, has produced a water that is
only slightly more corrosive than chlori-

nated Freeport well water.

b. Effects of Product Water on Materials of Con-
struction

The corrosion rates of carbon steel (SAE 1010)
in the various waters involved were measured by
both direct weight loss and by resistance cor-
rosometer probes. The direct weight loss method
involved the installation of 3/4-inch by three-
inch weighed coupons of carbon steel mounted on
Micarta-rod holders, directly into the pipeline
involved. The coupons were always installed
edge-on to the flow. The corrosometer probes
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were also carbon steel of the flat strip type.
They were obtained from the Magnha Corporation,
and were monitored with a Magna "Crest" Cor-
rosometer.

Table V-B-1-I shows the rates at which carbon
steel corrodes in the various waters with which
the Freeport Conversion Plant is involved. The
corrosion rates are expressed in mils penetration
per year, assuming a uniform attack over the
entire exposed surface. The values obtained by
direct weight loss are considered to be more
reliable than those obtained with the corrosometer.

The rate and identity of the treatment chemicals
added to the product water sent to Freeport were
varied over four to six hour periods. During

these periods the corrosion rate inside the product-
water line was monitored with the corrosometer.

The results are shown in Table V-B-1-II. The re-
sults are not considered to be very meaningful,
since the period of observation was not of suf-
ficient duration.

Examination of the coupons exposed in. the product-
water line to Freeport revealed that the corrosion
product is entirely magnetite, FezO4. Under most
conditions the physical form of the magnetite is

a tightly adherent, impervious film, which to a
great extent protects the base metal. Under the
conditions existing in the product-water 1line,

the magnetite was a loose, porous sponge of very
finely divided particles. Since FegO4 1s rela-
tively electrically conductive, the spongy mass
apparently has afforded a very large cathodic

area in close electrical contact with the cor-
roding anodic areas. This 1s interesting, not
only from an academic standpoint, but it also
offers a clue to a possible solution to the cor-
rosion problem of the product water. This would
be to completely aerate a side-stream of the
product water on an experimental basis. The pres-
ence of a sufficient supply of dissolved Oz might
actually reduce the corrosion rate of steel by
altering the nature of the corrosion product.

188



'sAep ur sansodxs Jo sporaad ayas aae sasayquaaed ur SoanITd  HAION

(193BM DPO3I2AUOY JUSD aad

A:HW 9G "4 A:HW G ¢ G¢ 07 qued gad O¢ 3NOQE SUTBIUOD)
(¢) Go-gG (e¢) Gx-g UTBW UT J93®BM POPUSTd PI3BUTIOTYD
QW 80 *¢
(¢h) Lt°n () 8¢°¢ UT®B] UT J938M TTSM f ‘ON P33BUTIOTYD
(fT) Th'T
MHH ¢e 1
¢H AR (GT) L9°0 PBIYTTOM 3® J938M TISM f °"ON MEY
?HW G°6
(¢H 0°¢T (LT) 9°02 sutTadrd 310d9aad UT J93BM PI3I3AUOD
(#T) e (2¢) 9°02 SUTT3dTd MOJ UT JI33BM P33I9AUOD
SSOT 1UIToM Adg JI319WOS0aJI0) Ag UOTQBOOT PuB AJTAUSPI J93BM

IB9KA Jod STTIW UT 998BY UOT3IBIJOUSI]

INVId NOISHHANOD I¥0ddHH¥d HHI OL ONILVIHY
SYAILYM SNOTIYVA NI THILS NIVId 40 SHLVY NOISOHdO0D

I-T-d-A HIIVL

189



TABLE V-B-1-I1

RESULTS OF VARYING THE "TREATMENT'" CHEMICALS
TO THE PRODUCT WATER

Mils/year penetration

Treatment by corrosometer probe
1. Add 10 ppm CaCls plus 10 ppm
Na>CO0s (normal treatment) 20.6
2. Add nothing 1
5. Add 20 ppm CaClz, plus 20 ppm
N&gCOs 31
4. Add 10 ppm NazCOs only 28

5. Add 20 ppm CaCOs powder
(325 mesh ground limestone) 47

NOTE: The periods of trial addition of treatment chemicals,
(except for the normal treatment) was four to six
hours. This time is now considered much too short
for meaningful results.
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Langelier Index of Product Water

Prior to the addition of the ten parts per million
CaClz and ten parts per million NasCOs to the
product water to Freeport, a typical analysis of
the latter was:

Total Dissolved Solids = 20 parts per million

Total Hardness = 3.0 parts per million CaCOs
Total6Alkalinity = 4.0 parts per million CaCOgs
pH = 6.8

This water has a Langelier Index of -3.85, indi-
cating a water of a corrosive nature, since the
theoretical pH necessary to cause the water to be
just saturated with CaCOs (saturation pH) is 10.65.

The addition of ten parts per million CaClz and

ten parts per million NasCOs to the product water
forms approximately ten parts per million CaCOasa.
This has resulted in a water whose actual pH has
varied from 6.8 to 9.5. Consequently its Langelier
Index has varied from -2.7 to -0.034. This range
in pH is the result of variations in the relative
rates at which the two treatment chemicals are fed
to the product water, and to the irregular occur-
rence of free COz in the water

The use of the Langelier Index(l7),(3) is an arbi-
trary but useful way of quantitatively rating a
water as to its relative corrosive or scaling prop-
erties. It is numerically equal to the difference
between the actual pH of the water and the "satu-
ration" pH. The latter, in turn, is the theoretical
pH which would have to prevail in the water, in
order for it to be exactly saturated with respect
to CaCOsz. If the index is positive, CaCOs will de-
posit from solution, and the water is said to be
"scale-forming". If the index is negative, the
water should dissolve scales already deposited,

and the water is termed corrosive or "aggressive'.
Thus, water from No. 4 well in Freeport has a
Langelier Index of +0.4, corresponding to slight-
ly scale-forming. The index of the blend of
Freeport well water with converted product water

in the ratio currently being used results in an
index of about -0.1.
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Chemical Requirement for Producing a Balanced
Water

A balanced water, in the Langelier sense, will
be produced if the addition of CaClz is increased
from ten parts per million to 46 parts per mil-
lion, the addition of NasCOs is increased from
ten parts per million to 43 parts per million,
and four parts per million Ca(OH)z is added. A
combination of these changes should produce a
water with a Langelier Index of about zero, with
a pH of between 8.5 and 9.0. The new rates as-
sume 4.0 parts per million CaCOsz and 4.0 parts
per million free CO2 already present in the
product water prior to adding the treatment
chemicals.

The above changes can be effected with little or
no additional equipment required. This is not
necessarily the method resulting in the lowest
over-all operating cost.
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B.

Product Water

2.

Develop necessary process changes to produce a
chemically balanced water. Estimate the effects
of mixing product water with Freeport city water.
Recommend a water treatment system, the capital
requirements, and operating cost.

a. Recommendations

Final recommendations of a water treatment system
cannot be made at this time, as the separate ef-
fects of several different trial changes must
first be observed. The methods must then be com-
pared for effectiveness and cost before the most
advantageous one is selected.

The following program of trial operation is recom-
mended. The steps should be taken consecutively
in the order given.

(1) Alter the rates of addition of the treatment
chemicals, as recommended in paragraph V-B-1-d,
i.e., inject 46 parts per million CaCls, 43
parts per million Na-COz, and four parts per
million Ca(OH)z. The Ca(OH)> can be added by
mixing in with the CaCly in the proper ratio.
These conditions should be held constant for
a period of about one week, while the cor-
rosion rate is being monitored with corrosometer
probes in the product-water line and in the
blended-water line.

(2) Discontinue Step 1. Add 45 parts per million
of precipitated CaCOsz to the product-water
influent to the storage tank, and monitor
the pH values as before. The grade of CaCOgs
used should be one in which the maximum
particle size is less than ten microns.
"pigment grade" precipitated calcium car-
bonate is recommended. (Note: The injection
of ten parts per million CaCOsz consisting
of 325-mesh ground limestone has already been
attempted without success, apparently because
the material was too coarse to completely
dissolve during its residence time in the
storage tank.) The pH of the product-water
effluent from the storage tank should be
about 8.5. If the latter value is not at-
tained, then Ca(OH)2z slurry should be injected
into the product water leaving the tank to
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maintain a pH of 9.0. The expected Ca(OH):z
requirement is less than four parts per mil-
lion. Monitor the corrosion rates as before.

(3) Discontinue Step 2. Add enough lime water
to the product-water influent to the product-
water storage tank, to produce a pH of 9.5
in the product-water line to Freeport. Mon-
itor the corrosion rates in the product-water
line to Freeport, and in the blended-water
line in Freeport as before.

(4) Discontinue Step 3. Add ten parts per million
sodium tripolyphosphate to the product-water
influent to the storage tank, plus sufficient
Ca(OH)g slurry to maintain the product-water
effluent from the storage tank at a pH of
between 9.0 and 9.5. Monitor corrosion rates
as before.

Each of the above sets of conditions should each
be maintained for approximately one week, during
which the corrosion rates are monitored with a
corrosometer.

Discussion

In Step 1 and Step 2 of the four sets of experi-
mental conditions recommended above, the objective
is to produce a product water containing about 47
parts per million CaCOs in solution, and only
enough dissolved, free COz to be in equilibrium
with normal air. Under these conditions the actual
pH will be about 8.4 and will be equal to the satu-
ration pH. The Langelier Index will therefore be
zero. By adjusting the pH upward slightly, a
positive index can be attained.

There is no uncertainty connected with obtaining
a Langelier Index of zero by the conditions of
Step 1. The disadvantages are the chemical cost
(approximately $0.03 per 1000 gallons of product
water) and the fact that approximately two parts
per million of dissolved solids are added to the
product water for each one part per million of
dissolved CaCOs formed:

CaClz + NaxC0z —» (CaCOz + 2 NaCl

The chemical cost of Step 2 is only $0.014 per
1000 gallons of product water, and no dissolved

194



SECTION V. PROCESS CHEMICAL CONSIDERATIONS

solids other than CaCOs are added. However, it
is not certain that commercially obtainable
grades of CaCOs will have a sufficiently small
particle size for complete solution to occur
during the residence in the product-water storage
tank and product-water pipeline.

In Step 3, the addition of Ca(OH)z to the product
water to maintain 9.0 to 9.5 pH reduces the dis-
solved, free COz content to a negligible value.
The corrosion rate obtained under this condition
is used as a basis value to determine the ef-
fectiveness of adding a corrosion inhibitor in
Step 4.

Phosphates are known to be anodic corrosion in-
hibitors. Their addition to the product water
should inhibit the corrosion reactions appreciably.
The cost of the sodium phosphate at $0.10 per
pound will be $0.0083 per 1000 gallons of product
water. The cost of the lime would be approximate-
ly $0.0005 per 1000 gallons of product water. The
disadvantage is that sodium phosphate does not
normally occur in most drinking waters of natural
origin, and from a psychological viewpoint, some-~
thing "foreign" will have been added. A further
disadvantage of adding sodium phosphate is that

as an anodic inhibitor it will increase the
likelihood of pitting at the anodic areas, even
though the average over-all rate of corrosion
would be reduced.

Two corrosometer probes, at about $70 each, will
be required for the entire experimental program
outlined above. The equipment necessary for the
experimental addition of treatment chemicals is
already on hand at the Freeport Conversion Plant.
Should any one of the above methods be adopted
on a permanent basis, the equipment cost will

be small. For the method of Step 1, which re-
gquires the most equipment of the three, $1200
has been estimated as the installed cost of:

two 110-gallon drums, one 55-gallon drum, three
metering pumps, three rotameters, and one "Light-
nin'" mixer.

This estimate is only approximate and assumes the

existing equipment for adding the treatment chem-
icals is not adequate in size for the permanent
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installation. A detailed cost estimate should
be made after the selection of the most ef-
fective process. It is entirely possible that
no additional equipment will be required if the
method of Step 4 is used.

If the method described in Step 1 is found to
satisfactorily reduce the corrosiveness of the
product water, and, if the method described in
Step 2 is found to be unworkable because of low
dissolving rates of CaCOs, then the following
method of obtaining a product water saturated
with CaCOs should be considered. The latter
would reduce the cost of the chemicals of the
method of Step 1, but would require considerably
more additional capital.

The exhaust from vacuum pump VP-1 contains
sufficient COz (a COz partial pressure of 0.7
atmosphere) to saturate the product water to
Freeport with CaCOs if Ca(OH):z is also added

to the product water in the correct amount.

A side stream, say two to three gallons per
minute, of product water is bled off the main
stream of product-water influent to the storage
tank. Approximately nine parts per million
(based on total product-water rate to Freeport)
of Ca(OH)2 is injected into this side stream.
The side stream is now sprayed into an unpacked
tower (about two-feet diameter by about seven-
feet high), countercurrent to the upward flow
of gases from the vacuum-pump exhaust. The
effluent from the tower, containing all the Ca
in soluble form, is now reinjected into the
product-water line to the product storage tank
at a point slightly downstream from the initial
point of withdrawal. At the point of reinjection,
an additional 27 parts per million (based on total
product-water rate to Freeport) of Ca(OH), is
injected directly into the product-water line.

Calculations show that with a partial pressure
of COz of 0.7 atmosphere in the vacuum-pump ex-
haust, the composition of the effluent from the
small carbonating tower will be approximately:

Ca = 0.98 x 1072 gram mols per liter

HCO3 = 1.95 x 10-2 gram mols per liter

free COo = 2.2 X 10-2 gram mols per liter
pF = 6.3
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The equation describing approximately the re-

action occurring in the carbonating tower is,
then:

4 COz2 (g) + Ca(OH)» — Ca(HCOs)s + 2 CO- (aq)

Inside the product-water line, at the point of
reinjection, the reaction would be:

2 COz (aq) + Ca(HCO3)2 + 3 Ca(OH)s —=
4 CaCOsz + 4 Hx0

By making slight adjustments in the flow of
Ca(OH)> injected directly into the product-
water line and the flow of Ca(OH)> to the
carbonating tower, the Langelier Index of the

product water can be varied over a wide range
of values.

The total cost for chemicals for this method
would be the cost of the lime, and would amount
to approximately $0.0034 per 1000 gallons product
water, as compared to about $0.031 per 1000 gal-
lons for the method of Step 1. The capital cost
for the method just described is estimated to be
about $2500. Under existing water rates to
Freeport, this capital addition could be paid

out in about 15 months by the saving in chemical
costs.
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Economic evaluation of the present and revised operations
of the Freeport Conversion Plant and a normalized long-tube,
vertical, distillation g%ant is based on criteria set forth
by Bechtel Corporhtion( /« All cases are evaluated for 330
operating days per year.

A. Present Plant Economics

The principal items of equipment are estimated at 1964
prices and the equipment costs, Table VI-A-I, are in-
stalled costs. All equipment used in the present
operation is included for the determination of the
capital cost. Erection and assembly cost is calculated
as 20 per cent of the cost for the principal items of
equipment and includes site development, concrete work,
overhead crane, painting, and insulation. Engineering
and start-up costs used were given for the demonstration
plant by Bechtel. The capital cost is $1.60 per gallon
of daily capacity.

The chemical consumption at a production of one million
gallons per day is 40 pounds per day of CaCls, 40 pounds
per day of NasCOsz, 1200 pounds per day of HzaS504, and 320
pounds per day of NaOH.

The operating costs are computed from plant data for
steam, chemicals, and electric power consumption. Prices
for these items were obtained from plant records. The
laboiug?st was obtained from Stearns-Roger's annual re-
port and was based on present operating procedures.
The cost of water, Table VI-A-II, was computed from
annual operating costs and annual production and was
found to be $1.29 per thousand gallons of product water.
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TABLE VI-A-T

CAPITAL COST FOR THE PRESENT PLANT

Principal Items of Equipment

Evaporator Effects
500-Series Exchangers
200-Series Exchangers
512 Condenser
Deaerator

Flash Tanks

Pumps

Vacuum and Air Compressors
Acid and Caustic Systems
Sea-Water Intake

Desuperheater
Electrical and Piping
Product Storage Tank

TOTAL PRINCIPAL ITEMS OF EQUIPMENT

14.
15.

16.

17.
18.

19.

Erection and Assembly
Instruments

Operations Buildings
Land

Engineering

Start-Up

TOTAL CAPITAL COST

CAPITAL COST PER GALLON OF DAILY CAPACITY

199

$ 608,396
103, 233
91,124

oL 215

19, 822

12,652
78, 268
14,898
5,630
49,317

2, 080
140, 400
3,500

$1,153,635

163, 342
52,629

42, 800
3, 000
167, 000
22, 000

$1,604, 406
$1.60



TABLE VI-A-IT

COST OF WATER
PRESENT PLANT OPERATION

Plant Data

Plant Capacity, million gpd

Annual Production, millions of gallons
Economy Ratio, gross 1lb water/lb steam

Capital Cost, dollars
Direct Operating Cost

Steam, U45¢#/1000 1b
Electricity, 8 mils/KWH
Chemicals

Stores and Maintenance Mat'ls.
Maintenance Labor

Operating Labor

Total

Indirect Operating Cost

Payroll Extras

General and Administrative
Overhead

Taxes and Insurance

Amortization

Interest on Working Capital

Total Cost

200

$ /year

111,375
26, 648

8,503
8, 022
19,780
40,659

214,987

9,670

17,527
31,648
118, 727

2,858

395, 417

1
530

10.95
1,604, 406

¢/1000 gal

53.75
8. 08
2.58
2.43
6. 00

12. 32

65. 16

2.95

5.31
9.59
35.98
0. 87

119. 8%
or
$1.20
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B. Revised Plant Economics

The capital equipment for the two revised plant ope-
rations are the same, with only small differences in
size. Equipment varies from that in the present plant
by the replacement of exchangers 201, 208, 209, 210,
and 211 with flash tanks, and by the addition of an
ion-exchange unit for sea-water feed pretreatment.

1. Revised 275°F Plant

The capital cost of the revised plant changed by
the removal of the heat exchangers, at $30, 820,
and the addition of an ion-exchange unit $53,415.
The recommendations included in this report were
incorporated in the estimation of the capital
cost, Table VI-B-1-T.

Erection and assembly, engineering and start-up
for the revised plant are the same as for the
present plant. The total capital cost is $1.13
per gallon of daily capacity.

The chemical consumption is 1488 pounds per day
of H2S04, 396 pounds per day of NaOH, and 105
pounds per day of Ca(OH)z. The resin make-up
would be 22 cubic feet per year.

Operating costs were estimated from revised heat
and material balances, Section III-B-2. Steam,
chemicals, and resin consumption were calculated
from the balance. Electric power consumption was
taken from the recommended pump changes for the
revised plant. Labor costs are the same as those
used for the present plant. The cost of water,
Table VI-B-1-II, of $0.95 per thousand gallons
was calculated from the annual operating cost

and the production estimated from the revised
275°F heat and material balance.
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TABLE VI-B-1-T

CAPITAL COST FOR REVISED 275°F PLANT

Principal Items of Equipment

Evaporator Effects
300-Series Exchangers
200-Series Exchangers
312 Condenser
Deaerator

Flash Tanks

Pumps

Vacuum and Air Compressors
Acid and Caustic Systems
Sea-Water Intake

Desuperheater
Electrical and Piping
Product Storage Tank
Ton-Exchange Unit

TOTAL PRINCIPAL ITEMS OF EQUIPMENT

15.

16.
17.
18.
19.
20.

Erection and Assembly

Instruments
Operations Buildings
Land

Engineering

Start-Up

TOTAL CAPITAL COST

$ 608,396
104,377
51, 058

o) 215

19, 822

12,652
87,587
14,878

5,630
49,317

2, 080
137,014
3,500
53,415

$1,173,941
163, 342

52, 202
42,800

3, 000
167, 000
22, 000

$1, 624, 285

CAPITAL COST PER GALLON OF DAILY CAPACITY $1.13
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TABLE VI-B-1-1IT

ESTIMATED COST OF WATER
REVISED 275°F PLANT OPERATION

Plant Data
Plant Capacity, million gpd 1.433
Annual Production, millions of gallons 472.870
Economy Ratio, gross 1b water/lb steam 11.1
Capital Cost, dollars 1,624, 285
Direct Operating Cost $ /year ¢/1000 gal
Steam, 45#£/1000 1b 159,910 33,82
Electricity, 8 mils/kwh 25, 041 5.30
Chemicals 9,726 2.06
Resin 517 0.14
Stores and Maintenance Mat'ls. 8,122 1.72
Maintenance Labor 20, 029 4, 24
Operating Labor 40,659 8.60
Total 264, 004 55. 88
Indirect Operating Cost
Payroll Extras 12,833 2.71
General and Administrative
Overhead 18, 380 3. 89
Taxes and Insurance 32,046 6.78
Amortization 120, 199 25. 42
Interest on Working Capital 3, 254 0. 69
Total Cost 450,716 95. 37
or
$0.95
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SECTION VI. ECONOMICS OF DESALINATION PLANTS

B.

Revised Plant Economics

2.

Revised 300°F Plant

The revised capital cost, Table VI-B-2-I, includes
the required changes to the heat exchangers, the
addition of the $86,548 ion-exchange unit and the
replacement of the Effect-XII heat exchanger.
Engineering, erection and assembly, and start-up
are the same as for the present plant. The capital
cost is $0.93 per gallon of daily production.

The chemical consumption is 1753 pounds per day of
HoSO04, 466 pounds per day of NaOH, and 131 pounds
per day of Ca(OH)s. The resin make-up would be 73
cubic feet per year.

The cost of water, Table VI-B-2-II, of $0.83 per
thousand gallons was calculated for the 300°0F
revised plant operation. Steam, chemicals, and
resin consumption were calculated from the revised
300°F heat and material balance. Power consumption
was calculated from the recommended pump changes.
Labor costs were the same as the costs used for the
present plant. Water cost was calculated from
annual operating cost and revised annual production
for 300°F operation.
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TABLE VI-B-2-1

CAPITAL COST FOR REVISED 300°F PLANT

Principal Items of Egquipment

1. Evaporator Effects $ 619,567
2 500-Series Exchangers 117,020
3. 200-Series Exchangers 49,712
4y, 312 Condenser 29, 267
5. Deaerator 19,822
6. Flash Tanks 12,652
7. Pumps 80, 886
8. Vacuum and Air Compressors 14,898
9. Acid and Caustic Systems 5,630
10. Sea-Water Intake 49,317
11. Desuperheater 2,450
12. Electrical and Piping 137,014
15. Product Storage Tank 5,500
14. Ton-Exchange Unit 86, 548
TOTAL PRINCIPAL ITEMS OF EQUIPMENT $1, 228, 283
15. Erection and Assembly 163, 342
16. Instruments 52, 202
17. Operations Buildings 42,800
18. Land 5, 000
19. Engineering 167, 000
20. Start-Up 22, 000
TOTAL CAPITAL COST $1,678,627

CAPITAL COST PER GALLON OF DAILY CAPACITY $0.93
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TABLE VI-B-2-II

ESTIMATED COST OF WATER
REVISED 300°F PLANT OPERATION

Plant Data
Plant Capacity, million gpd 1.812
Annual Production, millions of gallons 598. 035
Economy Ratio, gross 1lb water/lb steam 11.1
Capital Cost, dollars 1,678,627
Direct Operating Cost $/year ¢/1000 gal
Steam, 45#£/1000 1b 200, 821 33.58
Electricity, 8 mils/kwh 25,513 4,27
Chemicals 11,482 1.92
Resin 1,715 0.28
Stores and Maintenance Mat'ls. 8,393 1.4%0
Maintenance Labor 20, 707 3. 46
Operating Labor 40, 659 6.90
Total 309, 290 51.81
Indirect Operating Cost
Payroll Extras 9,819 1.64
General and Administrative
Overhead 17,796 2.98
Taxes and Insurance 53,072 5.53
Amortization 124,216 20.77
Interest on Working Capital 3,594 0. 60
Total Cost Yo7, 787 83%.33
or
$0.83

206



SECTION VI. ECONOMICS OF DESALINATION PLANTS

c. Normalized Plant

The capital cost, Table VI-C-I, was,estimated from the
criteria set by Bechtel Corporation(5 . The major
equipment changes were the addition of an ion-exchange
unit at $67,400, and the redesign of the 200-series
exchangers. Only two 200-series exchangers were needed
to fill the requirements of the heat and material bal-
ance, Figure IIT-C-1l. The costs of insulation and
painting were combined because of the use of insulation
that does not require painting. The capital cost is
$1.52 per gallon of daily capacity which is $0.08 per
gallon of daily capacity less than the present plant
capital.

Electrical costs were based on a load requirement of

556 horsepower, and the procedure presented by Bechtel(5).
Chemicals used included 1062 pounds per day of sulfuric
acid and 282 pounds per day of sodium hydroxide. The
resin make-up would be 45 cubic feet per year.

Labor costs were based on one operator per shift, one

extra day operator, and a supervisor charging half time
to the plant.

Operating cost estimation followed the Bechtel procedure.
Fuel requirements were based on steam requirements for
the normalized balance. The cost of water, Table VI-C-II,
is $1.16 per thousand gallons. This is a reduction of
$0.04 from water costs of the present plant. The water
cost of $1.16 per thousand gallons for the normalized
plant %8?pares very favorably with costs previously pre-
sented . Bechtel reports the water cost for the
normalized long-tube, vertical, distillation plant at
$1.46 per thousand gallons and the normalized m?%t'-
stage flash plant at $1.30 per thousand gallons )%7).
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TABLE VI-C-I

CAPITAL COST FOR NORMALIZED PLANT
ONE MILLION GALLONS PER DAY

Principal Items of Equipment

|._l
OV O UIr+HFWnH

Evaporator Effects
Deaerator Equipment
Heat Exchangers
Pumps and Drivers
Desuperheater

Flash Tanks ,

Air Compressor and Vacuum
Equipment

Acid and Caustic Equipment

Sea-Water Screen

Ion-Exchange Unit

Sea-Water Intake Piping
Electrical
Boiler

"TOTAL PRINCIPAL ITEMS OF EQUIPMENT

Erection and Assembly of Plant

14,
15.
16.
17.
18.

19.
20.

Site Development
Concrete
Overhead Crane
Insulation)
Painting )

Spare Parts
Miscellaneous

TOTAL ERECTION AND ASSEMBLY OF PLANT

Other

21. Instruments

22. Operating Building
25. Land

24. Engineering

25. Start-Up

TOTAL OTHER

TOTAL CAPITAL COST

$ 499,000
16,500
123%,900
86,100

i, 650

15, 600

11, 460
5, 860
26, 000
67, 400

14,000
80, 000
150, 000

$1,100, 470

38,270
17,600
9,730

57, 500

21, 200
34,500

$ 178,600

35, 000
44,500
20, 000
110, 000
30, 000

$ 239,500
$1,518,570

CAPITAL COST PER GALLON OF DAILY CAPACITY $1.52
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TABLE VI-C-II

ESTIMATED COST OF WATER
NORMALIZED PLANT

Plant Datsa

Plant Capacity, million gpd

Annual Production, millions of gallons
Economy Ratio, net 1b water/lb steam

Capital Cost, dollars

Direct Operating Cost

Fuel
Electricity
Chemicals
Resin

Stores and Maintenance Mat'ls.

Maintenance Labor
Operating Labor

Total

Indirect Operating Cost

Payroll Extras

General and Administrative
Overhead

Taxes and Insurance

Amortization

Interest on Working Capital

Total Cost

209

$/year

122,820
22,656
6,711
1,058
7,443
18,607

37,624

216,919

8,997

16, 307

29,771
112,374

2,795

387,163

1
550

9.

1,518,570

¢/1000 gal

5

7.
.78
.03
.52
. 26
.Ob
. 40

'._I
HUtnD OO

22

.24
<17
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THE EFFECT OF TUBE GEOMETRY
AND MAL DISTRIBUTION ON HEAT TRANSFER
IN LTV EVAPORATORS OF THE

FREEPORT DEMONSTRATION PLANT TYPE

15 July 1964

INTRODUCTION

The Dow Chemical Company has undertaken an engi-
neering evaluation of the Freeport Demonstration Plant
under contract to the Office of Saline Water. As part of
this evaluation and under sub-contract to Dow, the
Houston Research Institute (HRI) has studied the effect
of tube geometry on the heat transfer in the LTV evapo-
rator system. This work follows logically and is an ex-
tension of earlier studies on the subject of heat trans-
fer in falling film systems done by HRI for the Office of

Saline Water,

Vaporization processes are well established as meth-
ods to recover fresh water from saline water sources.
There are no questions concerning their operability. The
questions which remain are concerned exclusively with the
economics of the process for large scale use. Many factors

enter into this question of economics. These are, of course,
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the interrelated problems involving maximum allowable
temperatures, thermodynamic efficiencies, equipment type
selection, process flows, scaling and scale prevention
techniques and the manner in which these factors inter-
act to influence capital and product cost. Once a given
set of operating conditions are selected and once methods
of scale control and level of temperature are specified
the central problem becomes one of selecting the heat
transfer surface so as to maximize the heat flux, or
minimize the cost of the sﬁrface invoelved. The HRI study
has been directed toward developing general methods to
answer this last question and to provide specific answers
for the conditions of operation of the Freeport Demon-

stration Plant,

This report presents the methad of attack on this
problem, discusses the computer programs developed and
presents a summary of results, Detailed results of the
numerous computer runs appear in a computer output appen-

dix containing approximately 230 pages of output.
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OBJECTIVES

The original objective of this study was to deter-
mine the number of tubes required in certain of the
effects of the Freeport Plant as tube diameter and length
was varied., Because of the complexity of this problem
and the large number of cases to be calculated it was de-
cided to develop a generalized computer program which in-
corporated these calculations with complete rigor. Thus,
shortly after the start of the project a second objective
evolved: develop a generalized computer program which
would permit the calculation of the number of tubes re-

quired for any LTV type plant once the operational char-

acteristics were specified (feed rate, composition and

temperature, vacuum level, heat transfer rate, etc.)

The majority of the work was required to accomplish
this last objective with the development of information
for specified conditions of the Freeport Plant being
evolved rather quickly near the end of the study. The

objectives can thus be summarized as follows:

A. General Objectives: Develop a generalized design
program for an LTV evaporator system which will predict
the transfer area or number of tubes for saline water

conversion once (1) operational data and (2) any condition
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of tube diameter and length are specified.

The program

is to include internal calculation of local heat trans-

fer coefficients, pressure drop and temperature driving

force and include a procedure for integrating changes in

these quantities up the tube.

To the maximum degree pos-

sible the program is to include internal calculation of

fluid properties and boiling point rise based on curve

fits of existing data.

The program is to be structured

so that as improved data or correlations become available

they can readily be incorporated into the existing program

and an improved calculational method evolved.

B.

Specific Objectives:

In order to provide data directly

applicable to the Freeport Plant evaluation it was decided

to calculate the number of tubes required for each of the

following conditions:

1.

Variation of Number of Tubes Required as Tube Size and

Length Are Varied:

out recirculation)
Effect 1 Tube
Tube
(No.
Effect 8 Tube
Tube
(No.
Effect 12 Tube
Tube
(No.

(Operating conditions constant with-

dia's. = 1" & 2"

lengths = 20, 24, 30 ft.

of cases = 6)

dia's. =1, 2, 3, 4"

lengths = 8, 12, 16, 20, 24, 30 ft.
of cases = 24)

dia's. = 2, 3, 4"

lengths = 8, 12, 16, 20 ft.

of cases = 8)
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All of the above cases to be based on a triangular

pitch of 1.25 times tube diameter.

Result of Introduciqg Brine Recirculation On Number

of Tubes Required: (Tube geometry constant at 2"

di ameter and 24 ft. long)

Effects 1 & 12 Recirculation rates of 100%, 200%,
300% of normal feed rate
(No. of cases = 6)

Above calculation to be based on triangular pitch of

1.25 times tube diameter.

Result of Mal-distribution on Number of Tubes Re-

quired and on Local Concentrations in Liquid Deficient

Region:

Effects 1 & 12 Local flow rates maldistribute
into three zones with local
rates as low as 807 of normal.

Result of Decreased Spacing Between Tubes With 24 Ft,

Long Tubes:

Effects 8 & 12 inch tubes on 3-1/2" pitch

inch tubes on 4-1/2" pitch

S~ w
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APPROACH

Computer Programming: Fortran IV was selected for program-

ming and the philosophy of the program oriented to the use

of the very fast machines such as the IBM 7090 series. It
was considered desirable to write subroutines for the cal-
culation of all physical properties, vapor pressure relation-
ships, boiling point rise, etc. as a function of composition
and temperature. In this way these quantities could be cal-
culated at each point up the tube and the need for arbitrary
estimating procedures eliminated. Standard curve fitting

techniques were used in every case,

Calculations for the Freeport Plant Conditions: 1In calcu-

lating the design area on number of tubes it is necessary

to fix the amount of heat transferred, the flow rate to the
effect and its temperature and conecentration. In making
these calculations for any effect at Freeport, it was assumed
that the heat transfer rate would be unchanged by the change
in tube diameter or length. Actually, significant changes

in size of tubes for the various effects can be expected to
shift the distribution of heat somewhat between effects.

However, such change can be expected to be small.
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COMPUTER PROGRAM

Introduction: A design computer program has been

developed for predicting the total area required (tube
number) for the long tube vertical (LTV) evaporator.
The background theory that forms the basis of this work
was first published in 1960(1). Application of the
principles to the LTV Evaporator system were published
in a report for OSW in 1963(2), It was found that when
the theory was applied to certain pilot plant data for
LTV evaporators the predictions were very satisfactory.
This work incorporates all of the above experience to

develop a design program. Due to the complex and tedious

nature of the equations for predicting interfacial shear
and two-phase flow pressure drop, it was advantageous

to develop this calculation for use on an electronic
computer, Use was made of the Fortranm IV language(3)
and the IBSYS-IBJOB operating system processor(a).
Development of this computer program permits the study of
the parameters which influence the design of the LTV

evaporator to a degree never before accomplished.

Approach: The basic purpose of this program is to take
external process conditions and produce a mechanical design
(total heat transfer area) which will operationally reproduce

these same process conditions, The program was written such
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that the mechanical parameters of tube length and tube
diameter as well as the process factors (such as heat
transfer rate, flow rate, properties, temperature,
pressure) could be varied external to the program, The
total heat transfer area can be minimized by exploring
the effect of variables. Whether or not this minimum is
the optimum design depends on subsequent analysis of

construction cost for the various mechanical designs.

To predict the heat transfer for the LTV evaporator
it is necessary to set up a mathematical model to des-
cribe the system, The local heat transfer coefficient
(h) for vertical falling films can be described mathemati-

cally as follows:

h = (NRE:fS , physical properties)
NRE = Reynolds Number = 4W/

W = Flow Rate of Liquid

D = Diameter of the tube

A, = Viscosity of the liquid

7é3 = Interfacial shear (dimensionless)

between liquid and vapor interface

This dimensionless parameter (%6 ) was defined by

Dukler(2) as

3 = P/d)re D 9.
4 6}’3 ,{642/3
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where

6dF>QiL)TPF axial pressure gradient due to

frictional energy loss in two-
phase flow,

fz = density of liquid

Therefore, it can be seen that it is necessary to predict
the two-phase flow pressure drop in order to completely
define this system., Using the approach of Martinelli to
define the two-phase pressure drop’beta (%3 ) can be

shown to be:

1.4 0.4
ﬂ = A (RELI - RELX) RELX

1.173 160
2/3 2 0.553 O.280
L
975 D% (177

where A =

RELI Inlet Reynolds number to the tube

RELX

Local Reynolds numbers at a point in the tube.

Beta (Yé; ) varies from zero at the inlet of the tube
(non-flashing feed) to a maximum at the tube outlet,
Therefore, to mathematically describe this model it is
necessary to perform a numerical integration, either up
or down the tube, to account for the effect of the change
in beta (fg ), the Reynolds number of the liquid and vapor,
and physical properties on the local heat transfer coefficient.
For purposes of this program the following model was set up

to perform this integration,

203



Block Diagram (Drawing #D-101-21,700 p. 19): The block

diagram method was used to set up the basic paths of infor-
mation flow which is necessary to perform this integration,
describe all of the alternates of flashing feed and
sensible heating conditions, and print out the results in

a suitable manner. The calculational procedure used was

as felltows: (See Nomenclature p.31ff and Figure 1 to

follow this discussion).

1. Based on an initial assumption of an overall coefficient
of heat transfer (UC) (input data) estimate an initial

value of the tube number (TN),

2, Calculate the process flows, liquid and vapor, into and

out of one tube

3. Set up and initiate the numerical integration loop.
(See Figure 1) This integration is carried out as

follows:

a, Choose and incremental tube length, DL, (input

data).

b. Set up initial values of the accumulative
registers equal to zero. (i.e. TLX, Q, W, and
V). The purpose of the above registers are

as follows:
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l ACCUMULATOR
REGISTERS UP TUBE:
TLX=TLX+ DL
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FOR
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TLX: tube length from bottom of tube to
point X: This parameter monitors the
integration up the tube and determines

that one trial is complete when TLX = TL.

Q: accumulative heat that is transferred
through the tube wall from the bottom of
the tube to point X: This parameter moni-
tors the convergence of the heat balance
and determines when the calculated heat
transferred equal the design heat transfer

(Q x TN = QS).

=

accumulative vaporization rate from the
bottom of the tube to point X: This para-
meter monitors the limits of initial approxi-
mations of TN, forms the basis for the point
material and energy balances and determines

the flow regime Reynolds number,

| <

accumulative flash vapor rate: starting at
at the bottom of the tube to point X. This
parameter accumulates the amount of vapor pro-
duced by flashing due to pressure drop rather
than heat transfer., This accumulation becomes
very important in the vacuum evaporators because

it changes the point distribution of liquid and
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This then allows the following sequence of calculations

across D

DTA:

DQ
DW
DV
WLX
DP
PX
TXS
TX

the

To
as
th
(P

at

Lo

n:

vapor up the tube, (i.e., at any point X up
the tube--WLX = WB + W + V) where WB equals

the bottom liquid rate,

The differential (or incremental) values of
these three registers (i.e, DQ, DW, and DV)
then represent the incremental change over

the incremental length DL,

initiate the numerical integration it is

sumed that the temperature difference between

e steam and saline at the bottom of the tube,

oint X) is approximately equal to the difference

point X,.

[(TS-TXO) + (TS-Tg )] /2 = (TS-Tx,)
(uc) ( Constant x DL) (DTA); Q = Q + DQ
DQ/Latent Heat, W = W + DW
DQV/Latent Heat; V = V + DV
WB + W + V
¢(RELx, REEX, DL,ﬂ, Physical properties)
P + DP
¢(Px, TRI, PRI, CC)
TXS + BPRX
DTAX (at point X-calculated) equals

DTAX = (DTZ + TS - TX) / 2
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The calculated value of the average temperature

difference across the increment for heat transfer
is then compared to the initial assumption. If
they are not equal to within .005°F, the DTA is
set equal to DTAX and the whole procedure is re-
peated until convergence occurs, This gives us a
completely balanced heat and material balance loop
upon which the calculation of the theoretical heat

transfer coefficient is based.

Calculate the theoretical heat transfer coefficient
for increment DL. as

HXA = ¢ (RELX,.%g , Nusselt No., Physical Properties)
and

HSA (steam side) = ¢ (RESX,ﬁ = 0, Nusselt No,,

Physical Properties).

The basic data used to calculate the individual
heat transfer coefficients was taken from the OSW
Report (2), pages 84 through 87, Figures 6-9.

These curves were equation fit for computer use.
For thec steam side, the interfacial shear,.%g , was
assumed to be zero; therefore the7é; = 0 curve was
used. The equatione were of such a form that they
included the Prandtl number variation. They were

fit for two regions of interfacial shear:

ﬂﬁmo ; B > loo
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e. Calculate the overall coefficient of heat trans-

fer (UCA) for increment DL.

UCA is then compared to the original (or
former) value of UC to within .01l. If conver-
gence is not accomplished, then UC is set equal to
UCA and the procedure is repeated for the incre-

ment DL until all values of the heat and material

balance loop and the theoretical heat transfer co-
efficient loop are satisfied within specified limits.
If they are, then TLX is incremented as TLX = TLX +
DL, values at point X are made point Z, and the

integration procedure continues up the tube.

Sensible Heating Routines: After each increment of

convergence around the integration loop, a check is
made to determine whether or not there is sufficient
pressure drop to induce sensible heating in the tube
(i.e. TX 2 TF). 1If sensible heating has been induced,
then the overall heat balance is checked to see if we
are in the limits of the total design heat duty. If

not, then the design tube number is adjusted and the

calculations started again from the beginning.

If sensible heating has not occurred then the
integration is continued up the tube (as a flashing

feed case), continually checking for sensible heating
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initiation at each increment.

Tube Number Modification: The overall design (tube

number) is modified when the following conditions

occur:

a.

W>VB - This indicates a basic discrepancy in
the heat and material balance loop which is out-

side the limits of overall convergence.

TLX = TL - This occurs for two different cases as

follows:

Flashing Feed Case: Integration has proceeded

to the complete tube length and convergence on

the total heat duty has not occurred.

Sensible Heating Case: Integration is completed

as above, but through both regions without con-
vergence of the total heat duty to that specified
(i.e. Qs). The tube number from one trial to
another is modified on the principle that the

change in the number of tubes from one trial to
another should be a direct function of the differ-
ence between the calculated heat duty and the design
heat duty; PLUS OR MINUS: the change in tube number
is based on the average heat duty per tube of the

previous calculation.
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Included in the program is a self-checking
routine that eliminates the possibility of
calculating the same tube number twice (i.e.

initiatien of an infinite looping situation).

6. Final Convergence: Final convergence is accomplished

to within one (1) tube. The results are summarized

on one (1) sheet with the input data for convenience

in interpretation.

Freeport Plant Application: To check out the theoretically

predicted designs, a complete calculation was performed on
Effects Nos. I, VIII, and XII using the present mechanical
design parameters. The predicted total area of heat trans-
fer was in very good agreement with the actual design. To
match the actual design and to evaluate the effect of foul-
ing on the evaporators, the following fouling and pressure

drop equation factors were used:

Effect AP Eq. Fouling Predicted¥* Actual*
Number Constant Factor Tube No. Tube No.
I 2,0 .00097 502 490
VIII 2.0 .00015 490 490
XI1 2.0 .00125 560 554

* Tubes were all 18 BWG, Al1-BR, 2" 0.D., 24' long.
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Program Printout: A detailed printout of the program in

Fortran IV appears immediately following the block diagram.
Typical pages of printout are included to show the output

format. Program nomenclature is defined in a listing which

follows the output sheets.
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PROJECT 21,700
PROGRAM LISTING

OIMENSION TNTRY(20)
1 READ(S,2) JOB, IRUN, IEFECT,TL,01A0,D,0QS, INUM

2 FORMAT ( 3110,3F10.5,F10.0,110)
IFUINUM.EQ.1) GO TO 42
READ(5,3) TEyT2,WF oy V2,0W2,TS,UL2,PS

3 FORMAT( 2F10.4,3F10.0,3F10.5)
READ(S594) FLAMS,TR1,PR1,TR2,PR2,TKT,TKLjBPRO
4 FORMAT( 8F10.4)
READ(5,5) BPRI yUG,ROL,CPL,TKS,CPS,CPV,ROLS
S FORMAT( 8F10.5)
READ(596) UCyXDP,XTN,XQNy IRN,DL RD
6 FORMAT({ 4F10.54y110,F10.5,F10.8)
42 TF=TF+460.
T2=T2+4460.

TR1=TR1+460.
TR2=TR2+460.
TS=TS+460.
uUS=ucC
CC=TR2s#TR1/(TR2-TR1)*ALOG(PR2/PR])
FLAMBA=1.987+«CC/18.
ABETA=6.4T0E-5/D/D#UGe»_,156/R0L*s,5538XDP
ADP=5,.,875E-8/D/0/D#UGe=,156/R0OL®e,22
ADPS=5.393E-9/D0/D/0D
RELC=15.2788/D
RESC=15.2788/D1A0
AF=D/DIAO
RW=(DIAD-D)/TKT/(AF+1.)/12.+RD
AOF=.2618+DI A0
ULC=(UL2-(5.569-8475./T2+43.5064E6/T2/T7T2))sEXP(.01162T2)/8PRO
T2S=T2-BPRO
P2=PR1I#EXP(CC*(T2S-TR1)/T2S/TR1)
ROG2=.82539#P2/T2+.2508+p2eP2/T2/72
TNI=FLOAT(IFIX(QS/(UC#(TS-T2))/A0OF/TL+.5))
RELZ=RELC®*W2/UL2/TNI
RELF2=RELC#*WF/UL2/TNI
BETA2=ABETA*UL2#*#]1.177/R0G2*e, 788 (RELF2-REL2)®e] . 404eREL 20+, 39
PRL2=CPLsUL2/TKL
DT2=TS-T2
TN=TNI
ULS=5.549-8475./TS+3.504E6/TS/TS
PRSXA=CPS#ULS/TKS
WS2=QS/FLAMS
RES2=RESC#*WS2/ULS/TN
UCA=UC
ucs=uUC
DPX=0.
DLX=0.
ITRIAL=0

111 Q=0.
v=0.
ITRIAL=ITRIAL¢]
IF(ITRIAL.GT.10) GO YO 998
J=ITRIAL
IF(DL.LT.2.0) GO YO 218
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220
221
223
224
218

219
217

PROJECT 21,700

PROGRAM LISTING (Continued -1)

IF(J=-2) 217,219,220
[FlJ-4) 218,219,221
IF(J-6) 218,219,223
IF(J-8) 218,219,224
IF(J-10) 218,219,217
WRITE(6,7)

GO 1D 217
WRITE(6,T70)
WRITE(6,8)

8 ??SHQI(Z7X057HHRI PROGRAM FOR LTV EVAPORATOR HEAT TRANSFER CALCULA
L N

WRITE(6,9)

9 FORMAT(1HO919Xy74HPROJECT 21,700 - DOW CHEMICAL COMPANY - O0OS
IW FREEPORT PLANT EXPANSION/LH )
WRITE(6410) IRUN,TL,DIAOQ,IEFECT

10 FORMAT(10Xy10HRUN NUMBERI6,5X,13HTUBE LENGTH= ,F4.1y4H FTa,y5Xy14H
LTUBE DIAMETER=yF6.3412H INCHES O0.Dey5Xy1OHEFFECT NO.,I3/1H )
WRITE(6,11) ITRIAL,TN,XDP

11 FORMAT(10X,12HTRIAL NUMBER,IS594X, 11HTUBE NUMBER,F7.0y12Xy3THPRESSU
LRE DROP EQUATION MULTIPLIED BY 4F4.2/1H0)
WRITE(6,412)

12 FORMAT (10X o6HLENGTH,6Xy9HHEAT DUTY,6Xy9HPRESSURE,6X, 1 1HTEMPERATURE
Le6X9 THDELTA To6X312HREYNOLDS NO.9s6X,9HOVERALL U)
WRITE(6,13)
13 FORMAT(12Xs3HFT. 99X 6HBTU/HR 8Xy6HINe HGylOXy THDEGs Fo99Xy THDEG. F
le 922Xy 12HBTU/HR FT2 F/1H )
TNTRY{(J)=TN
H=0.
TLX=0.
DTA=DT2
DYZ=DT2
WB=W2/TN
vB=V2/TN
vi=V8
T2=T2
PL=P2
WSZ=WS2/TN
RELZ=RELCe#WB/UL2
RELFZ=RELC*WF/UL2/TN
FRELZ=(RELFZ-RELZ)®#],.404*RELZ*=.396
BETAZ=ABETAsUL28e]1.1T77/R0G2%«,.78¢FRELZ
PRLZ=PRL2
ULZ=UL2
WZ=WB
RESZ=RESCeQS/FLAMS/TN/ULS
ROG2=R0G2
222 TLX=TLX+DL
TX=T2
ROGX=R0GZ
IUCA=0
333 DQ=A0FeUC*DTAsDL
Q=Q+DQ
DW=DQ/FLAMBA
W=W+DW
DQV=(HZ*DH/Z.)'CPLO(YX-TZ)
DV=DQV/FLAMBA
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PROJECT 21,700
PROGRAM LISTING (Continued -2)

v=V+DV
IDTA=Q
IF(VB-W) 555,555,444
444 HLX=WB+We+Y
BPRX=BPRO-(W+V)* TN+ (BPRO-BPR[)/V2
ULX=5.549-8475./TX*3.504861TXITX+ULCGBPRXIEXP(.Ollbifx)
ULA=(ULX+ULZ2)/2.
ROGA=(ROGX+R0OG2)/2.
RELX=RELC#WLX/ULX
RELFX=RELC*WF/ULX/TN
IF(RELX.LT.RELFX) GO TO 440
RELX=REL2Z
440 FRELX=(RELFX-RELX)®##]1,.404%RELX®8#.396
BETA=ABETA#FRELX#ULX##]1.177/ROGX#».78
FRELA=(FRELX+FRELZ2)/2.
DP=ADPeFRELA®ULA®#]1.844/R0OGA*s,.782XDP+DL
PX=P2+0P
IF(PX.GE.PR2) GO TO 130
TXS=TR2/(1.4TR2/CC*ALOG(PR2/PX))
TX=TXS+BPRX
DTAX=(DTZ2+TS~-TX)/2.
IF(ABS(DTAX-DTA).LT..005) GO TO 15
14 DTA=DTAX
WL X=WB
Q=0Q-0Q
DQ=A0F«UC#*DTAsDL
Q=Q+DQ
W=W-DW
DW=DQ/FLAMBA
W=W+DW
v=V-DV
DQV=(WB+W+V-DW/2.4DV/2.)sCPL(TX-TZ)+(VB-V-DV/2.-W+DW/ 2. )eCPVe(TX-
172)
OV=DQV/FLAMBA
V=V+DV
ROGX=,825394PX/TX4+.2508#PX#PX/TX/TX
IDTA=1DTA+1
IF(IDTA.GE.20) GO TO 15
GO TO 444
15 RELXA=(RELX+RELZ)/2.
16 IF(TNeQ.GE.QS) GO TO 140
WSX=WS2/TN-Q/FLAMS
140 RESX=RESC#WSX/ULS
RESXA=(RESX+RESZ)/2.
PRLX=CPL®ULX/TKL
PRLXA=(PRLX+PRLZ)/2.
BETAA=(BETA+BETAZ) /2.
IF(BETAA.GE.100.) GO TO 777
Hi=.16T742PRLXA®S . 644+.023285¢BETAA®s 671 2PRLXAGE, 2695
H2=,19502PRLXA®S . 44+ .024692*BETAA®e ,6202PRLXA®®,. 306
GO 10 17
777 HI=.16T74¢PRLXAS® 444 ,093T75eBETAAR®,39258PRLXASE, 329
H2=.19508PRLXA®® ., 44+.050082BETAA®s 4T758PRLXACe, 385
17 AH=ALOG(H2/H1)/1.0975
HXN=H1* (RELXA/2000.)s=AH
HXA=746.*HXNeROL®® 66T TKL/ULX®®,667
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18

808

20

21
22

888
555

160
180
998
997

999
996
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PROJECT 21,.0C
PROGRAM LISTING (Continued -3)

HSN=1.1/RESXA®#,.333+4,000912#RESXA®s 61 ToPRSXA®e 668
HSA=746.#HSN#ROLS##.66T7#TKS/ULSe®,.667
UCA=1./(1./HSA+1./(HXA®AF) +RW)
IF((UCA-UC)e(UCA-UC) -.01)19,19,18
UC=UCA

TUCA=TUCA+1

IF(IUCA.GE.20) GO TO 19

Q=Q-DQ

W=W-0OW

vV=V-DV

GO TO 333

TZ=TX

BETAZ=BETA

uLZ=uULX

PRLZ=PRLX

RELZ=RELX

WZ=HWLX

FRELZ= FRELX

RESZ=RESX

OTZ=7S-T2

PZ=PX

TEMP=§1-460.

QT=Q#TN

WRITE(6,20) TLX,QT,PZ,TEMP,DTAX,RELXA,UCA

FORHAI(lOX.F5.2p7X'F9.0.6X,F9.S.BX.F6.2,9X.F7.3,9X.F7.0p9x.fb.Z’

TNS=TN

IF(TLX.GE.TL) GO TO 888
IF(TLX-DL-.0001)21,21,22
UCB=UCA

DTB=DTAX

GO TOo 222

IFL(Q#TN-QS)»(Q#TN-QS) . LE. ( (QS*QS/TN/TN)#XQN)) GO TC 999

DYN=FLOAT(IFIX((QS-Q®#TN)&XTN/((UCB+UCA)/2.8(TS-(T24T72)/2.)eA0FsTLX
1)+.5))

IF(DTN.EQ.0.0) GO TO 150

TNS=TN

IF(ABS(DTN/TN).LT..25) GO TO 160
DIN=FLOAT(IFIX(DTN/ABS(DTN)#.25¢TN))
TN=TN+DTN

DO 180 IDTN=1,J,1
IF{INTRY(IDIN).EQ.TN) GO TO 190
GO 10 111

WRITE(6,7)

WRITE(6,997)

FORMAT(10X,38H DID NOT CONVERGE'TRIAL NO. 10 RESULTS)
GO TOD 996

WRITE(6,T7)

WRITE(6,70)

WRITE(6,70)

WRITE(6,8)

WRITE(6,9)

WRITE(6410) IRUN,TL,DIAO,IEFECT
OPT=P2-P2

AT=ADF«TL#TNS

WRITE(6,424)

FORMAT(1HOy 9IXo9HHEAT DUTY,,9Xy 9HOVERALL U,9X,10HTOTAL AREA,9X,4HTU
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PROJECT 21,700
PROGRAM LISTING (Continued -4)

1BEy9X, 1L3HPRESSURE DROP,8X,8HDELTA T,)
WRITE(6,25)
25 FORMAT(12X,6HBTU/HR,9Xs12HBTU/HR FT2 F,10X,7HSQ. FT.y9Xy 6HNUMBER,1
12Xy 6HIN. HG,12X,6HDEG. F)
WRITE(6,70)
WRITE(6,26) QT,UCB,AT,TNS,DPT,DTB
26 FORMAT (10X F9.0yBXysF6ely5H *BTM,8XsF10.2¢8XsF6e198XsF13.998X9F5.2,
1SH -BTM)
WRITE(6,27) UCA,DTAX
27 FORMAT(27X,F6.1,5H ~TOP,61X,F5.2,5H ~TOP)
WRITE(6,70)
70 FORMAT(1HO)
IF(TX-TF+.005) 813,806,806
813 VI=V2-WeTNS-V2TNS
TF=TF-460.
WI=WF-VI
GO TO 812
806 VI=0.
WI=WF
TF=TF-460.
TEMP=TF
WRITE(6,802) DLST
812 WRITE(6,70)
WRITE(6,70)
WRITE(6,28)
28 FORMAT(32X,5SHCALCULATED FEED CONDITIONS AT TUBE INLET FOR COMPARI
1SON/1HO)
WRITE(6,29)
29 FORMAT(1HO,9X,9HFEED RATE,5X,10HFEED TEMP.,5X,11HFEED LIQUID,5X,11
LHFEED VAPOR ,5X,11HSTEAM CHEST,6X,10HTUBE INLET,5X,10HTUBE INLET)
WRITE(6,30)
30 FORMAT (12X ,6HLBS/HRy8X¢y6HDEG. Fy10Xy 6HLBS/HR,9X, 6HLBS/HR,7X,12HPRE
1S. INe. HG¢5Xy12HPRES. IN. HG,3X,12HTEMP. DEG. F)
WRITE(6,70)
WRITE(6,31) WFoTFoWI,VI,PS,P2Z,TEMP
31 FORMAT(8XyF9.095XyFl0.495XyFl0.096XgFLl0e1¢5XoFLl0eS97XoF10.5,7X,FL10
1.5)
T2=12-460.
TS=TS-460.
TR1=TR1-460.
TR2=TR2-460.
WRITE(6,70)
WRITE(6,70)
WRITE(6,70)
WRITE(6,824)
824 FORMAT(50X,19H PROGRAM INPUT DATA)
WRITE(6,70)
WRITE(692) JOByIRUN,IEFECT,TL,DIAD,D,QS, INUM
WRITE(693) TFoT2,WF,V2,W2,TS,UL2,PS
WRITE(6,4) FLAMS,,TRL1,PRL,TR2,PR2,TKT,TKL,BPRO
WRITE(6+,5) RPRIZUG,ROL,CPL,TKS,CPS,CPV,ROLS
WRITE(6+6) US,XDPyXTN,XQN, IRN,OL,RD
WRITE(6,7)
7 FORMAT(1H1)
GO TO 1
130 IF (TN.LT. 1.01) GO TO 1
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PRCJLCT 21,700
PROGRAM LISTING (Continued -5)

TNS=TN
TN=FLOAT(IFIX(1.25#TN+.5))
WRITE(6,900) TN

900 FORMAT(11H AT 130,TN=,E15.7)
DO 200 IDVN=1,J,1

200 IF(TNTRY(IDIN).EQ.TN) GO TO 190
GO TO 111

150 IF(QS-Q#TN) 170,999,999

170 DTIN=-1.0
GO TO 160

801 IF(TX-TS-.05) 803,803,804

804 TX=T1S
TXS=TX-BPRX
PX=PR1#EXP(CCo(TXS~TR1)/TXS/TIR1)
DPX=PX-P1
DLX=DPX/ADP/FRELA/ULA®®] ,.8442R0GA®=,.78
TLX=TLX-DL
IF(OLX.GT.DL) GO TO 803

805 DLST=TL-TLX+DLX
TLX=TL-DLST
TEM=TX-460.
DTAX=(DTZ+TS-TX)/2.
Q=Q-0DQ
DOQ=A0F«UC*DTAX#DLX
Q=0+DQ
W=W-DW
DW=DQ/FLAMBA
W=W+DW
v=V-DV
DQV={WB+W+V-DW/2.+DV/2.)#CPLo(TX-TZ)+(VB-V-DV/2.-W+DW/2.)#CPVe(TX~-
172)
OV=DQV/FLAMBA
V=V+DV
QT=Q«TN

810 WRITE(6,20) TLX,QT4PX,TEMyDTAX,RELXA,UCA
TA=(TX+TF) /2.
DTAS=TS-TA
ULAS=5.549-8475./TA+3.504E6/TA/TA+ULC*BPRI/EXP(.01162TA)
RELAS=RELC#*WF/TN/ULAS
WSX=WS2/TN-Q/FLAMS
RESXA=RESC#WSX/ULS
RESXA=RESXA/2.
PRLAS=CPL®#ULAS/TKL
Hl=.16T44PRLASS® .44
H2=1.1649+H1
AH=ALOG(H2/H1)/1.0975
HSNS=H1e(RELAS/2000.)eeAH
HSAS=T746.8HSNSeROL*# . 667#TKL/ULAS*®.667
HSN=1.1/RESXA##.333+,.000912¢RESXA®s,6]1TePRSXA®e,668
HSA=T746.#HSNeROLS*# e, 667#TKS/ULS®e 667
UCS=1./(1./HSA+1./(HSAS®AF ) +RW)
DQAS=UCS*AQF «DLST*DTAS
Q=Q+DQAS
DPL=ADPSeRELAS®®1,800ULAS#22.0/ROL*DLST
PZ=PX+DPL
UCA=UCS
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PROJECT 21,700
PROGRAM LISTING (Continued -6)

TLX=TL
TEM2=TF-460.
QT=QeTN
WRITE(6,20) TLX,QT,P2Z,TEM2,0TAS,RELAS,UCS
WRITE(6,70)
WRITE(6,802) DLST
802 FORMAT(10X426H SENSIBLE HEATING LENGTH= ,FS5.2)
IF(ABS(Q#TN-QS).GE.QS/TN) GO TO 555
GO 10 999
803 DLX=DL
GO 1O 805
190 WRITE(6,191) TN
191 FORMAT(1HO,10X,48H TUBE NUMBER HAS BEEN CALCULATED PREVIOUSLY, TN=
1yF6.2)
GO TO0 999
19 IF(TX.LE.TF) GO TD 808
IF(TX.GE.TS) GO TO 801
DQSEN=WF/TNeCPLe(TX-TF)
QSEN=Q+DQSEN
IF(QSEN=TN-QS) 808,809,897
897 TLX=TLX-DL
Q=Q-DQ
W=W-DW
v=V-DV
TIS=(TZ2+TX)/2.
DQSEM=WF/TNsCPL® (TXIS-TF)
DQI=QS/ TN-DQSEM-Q
DTAX=(DVZ+TS-TXIS)/2.
DLI=DQI/AOF/UCA/DTAX
DWI=DQI/FLAMBA
Q=0Q+DQ1
W=W+0OWI
OVI=TXIS/TX=DV
V=V+DVI
WLX=WB+We+V
BPRX=BPRO-(W+V)sTNe(BPRO-BPR])/V2
TXI=TXIS-BPRX
PXI=PR1*EXP(CC#(TXI-TR1)/TXI/TR1)
RELXA=RELC#({WLX+WZ)/2./ULA
PX=PXI1
TX=TXIS
TLX=TLX+DL!
809 TEM=TX-460.
DLST=TL-TLX
QT=Q«TN
GO 10 810
END
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Program Nomenclature:

A.

Input Data

1.

10.

11.

12.

13.

14,

15.

16.
17.
18.
19.

20.

JOB - Job Number

IRUN - Run Number

IEFECT - Effect Number

TL - Tube Length

DIAO - Outside Tube Diameter
D - Inside Tube Diameter

QS - Total Heat Duty

INUM - a(l) in Column 80 -
means skip property

data read in-Items 9 to 32
TF - Feed Temperature

T2 - Tube Bottom Temperature
WF - Total Feed Rate

V2 - Total Vapor from Unit
W2 - Total Liquid from Unit

TS - Temperature of Steam

UL2 - Viscosity of Liquid @ BTM

PS - Steam Pressure

FLAMS - Latent Heat of Steam

TR1 - Reference Temperature @ 1
PR1 - Reference Pressure @ 1
TR2 - Reference Temperature @ 2

245

Ft.
Inches
Inches

Btu/Hr.

°F.
°F.
lbs/Hr.
l1bs/Hr.
l1bs/Hr.

°F.

lb.-mass

ft. hr.

in. Hg.
BTU/#
°F.

in Hg.

OF.



21.

22,

23.

24,
25.
26.
27.
28.

29.

30,
31.

32.

33.

34.

35.

36.
37.
38.

39.

PR2 - Reference Pressure @ 2 in. Hg.
Btu-ft.

TKT - Thermal Conductivity of Tube Hr(Ft.2)°F.
Btu-ft,

TKL - . .
Thermal Conductivity of Saline Hr(FE2)°F.

BPRO - Boiling Point Rise at BTM1 °F.

BPRI - Boiling Point Rise at Inlet °F.

UG - Viscosity of Steam l1bs mass/ft.hr.
ROL - Density of Saline lbs/ft.3

CPL - Heat Capacity of Saline Btu/1b.°F.

TKS - Thermal Conductivity of Water Hgf?éf§5°F.

CPS - Heat Capacity of Water Btu/lb.°F.

CPV - Heat Capacity of Steam Btu/1lb.°F.

ROLS - Density of Water @ T lbs/ft.3

UC - Overall Coefficient-1lst Assumption Btu
Hr(Ft4)°F.

XDP - Pressure Drop Convergence
Parameter
XTN - Tube Number Convergence

Parameter

XQN - Heat Duty Convergence Parameter

IRN - Reynolds Number Directive

DL - Incremental Tube Length Ft.

RD - Fouling Factor

2u6



B,

Nomenclature of Fortran IV Statements Internal to

Program Listing

1.

10.
11.
12,
13.
14,
15.
16.
17.
18.
19.
20.
21.

22.

CC - Clausius Clapeyron type constant

ABETA - Constant in Beta equation

ADP - Constant in pressure drop eq.

RELC - Reynolds Number eq. constant - saline
RESC - Reynolds Number eq. constant - water

RW - Resistance of tube wall to heat transfer

ULC - Constant in viscosity equation

REL - Reynolds Number on saline side

RES - Reynolds Number on steam side

PRL - Prandtl Number on saline side

PRS - Prandtl Number on steam side

Q - Accumulating register for heat transferred
W - Accumulating register for vaporized material

V - Accumulating register for flashing material
DQ - Incremental heat transfer from steam side
DW - Incremental water vapoerized on saline side

DV - Incremental flashing of liquid in tube

TLX - Tube length register from Btm to Point X.
ROG - Density of vapor

ROL - Density of liquid saline

DTA - Avg. temperature drop from saline to steam

Hl & H2 - Nusselt Number from graphical data.

ouT
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23.

24,

25.
26.
27.
28.
29.
30.

31.

HXA - heat transfer coefficient for increment -
saline side

HSA - heat transfer coefficient for increment -
steam side

UCA - overall coefficient calculated for increment
DP - Two phase pressure drop

PX - Point pressure at point X

TX - Temperature @ point X

TXS - Temperature @ point X saturated

TN - Tube number

TNI - Tube number - Initial assumption

248



REFERENCES

Dukler, A. E., "Fluid Mechanics and Heat Transfer
in ‘Vertical Falling-Film Systems", Chemical

Engineering Symposium Series 30, Veol. 56,
P. 1-10, 1960

Prengle, Dukler & Crump, Inc., "Heat Transfer in
the LTV Evaporator - An Analysis of Pilot Plant
Data and Predictive Techniques for Plant Operation
and Design', Saline Water Research and Develop-

ment Progress Report No. 74. (PB 181 48%)
June 1963

IBM Systems Reference Library, IBM 7090/7094 Program-

ming Systems, Fertran IV Language, Form
C28-6274-1 , 1963

IBM Systems Reference Library, IBM 7090/7094 IBSYS

Operating System, IBJOB Processor, Form
C28-6275-2, 1963

2L9



RESULTS AND ANALYSIS

Table I summarizes most of the final computer calcu-
lations. 1Included in this table are the results of the
study to determine the influence of tube diameter and length
and to evaluate the influence of recirculation rate on the
number of tubes required. These results are summarized
graphically in Figures 1 & 2 for Effect No. 1; Figures 3 &
4 for the 8th Effect; and in Figures 5 & 6 for the 12th
Effect. All of these cases were executed for tube spacings
in 1.25 times the tube diameter. For such a spacing pres-
sure drop on the tube side is negligible and the heat trans-
fer coefficient on that side is dictated only by the amount

of condensate flowing.

Result of Chaqging Tube Diameter and Lquth on Area Re-

quirements: The most dramatic influence of tube diameter

and length appear in the 12th effect and can be seen in
Figures 5 & 6. Currently 2" - 24 foot long tubes are in

use. Changing to larger diameter tubes or shortening tubes
causes a marked lowering in surface area required. At larger
tube sizes the effect of tube length becomes less important.
It seems clear that there is a large immediate advantage to
increasing tube size to 3 to 4 inch., The reason for this

is clear. In the twelfth effect, two inch tubes cause ex-

cessive pressure gradient, thus decreasing the mean tempera-
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ture driving force more than‘the heat transfer coefficient

1s increased. Increasing the tube sigze reduces the gradient,
This is most marked in the high vacuum effect because the
vaporizing coefficient in the tube is significantly smaller
than the condensing}coefficient outgside. Of course, any
economic advantage depends on the effect of increasing tube
size on capital costs. This can be determined only through

a cost analysis,

Trends for the first effect are similar to those in
the twelfth., As tube diameter is increased and tube length
shortened the area required decreases. However, where the
minimum for Effect 12 seems to fall at about 4 inch diameter,
the first effect minimum appears to be about 2". It is ex-
pected that in the first effect, smaller tubes would show
improved transfer. This was not the case. Supplementary
calculations revealed that no advantage could be taken of
the smaller tubes because at this high pressure and with
wide spacing between tubes the shell side coefficient was
controlling. Thus, as tube diameter is decreased the co-
efficient inside the tube increases, but this is more than
offset by lower coefficient on the shell side due to lower
per tube Reynolds number. This points clearly to a way to
increase performance on the shell side in the first effect.
If some of the free areas on the shell side could be re-
stricted, thus causing measurable pressure drop, the shell
gside coefficient which is now controlling could be increased

This it would be possible to take advantage of smaller tube
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slzes to decrease the area required still more.

Result of Recirculation on Area Requirement: Recirculation

studies were made on the first and twelfth effects. 1In each
case the tube dimensions were fixed at 2.0 inch diameter and
24 ft. long and the effect of recirculation on tube number
requirements calculated. The result of recirculation in

these two effects are summarized below.
Area Required

Recirculation Effect 1 Effect 12
0 6396 sq.ft. 6811 sq.ft.
100% 6258 7263
200% 6195 7314
300% 6158 7351

Note the inverted effect of recirculation between Effects 1
and 12, In Effect 1, recirculation decreases the area re-
quired, in Effect 12 the result is an increased area, This
is perfectly reasenable. Recirculation tends to decrease
the sensible heat required to heat the feed and thus utilize
more of the energy transferred in latent heat. It does this
at the expense of increased flow rate and pressure drop in
the tube. In the first effect the increased shear actually
increases the coefficient with negligible temperature drop.
In the twelfth effect the increased pressure drop is more than
offset by a decreased temperature driving force and the net

result is a lower heat flux.
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Result of Mal-Distribution on Area Requirements: In order

to evaluate the effect of mal distribution on the area re-
quired, extensive computer runs were made for conditions of
the first and twelfth effect. The tubes in each effect were
divided into three zones and the liquid flow increased in
one zone, kept at normal in the second and decreased in the
third to meet total flow requirements. Results are summar-

ized below for the case of 2", 24 ft. long tubes.

Normal TOTAL NO., TUBES REQUIRED
Effect Dist 120/100/80 150/100/50
1 509 510 512
12 542 543 544

The influence of mal distribution on tube numbers is

thus seen to be negligible. It should be noted that such
calculations assume that the tubes remain wetted in the
liquid deficient region and that the coefficient does not

change due to sudden scaling of the surfaces,

Influence of Mal-Distribution on Local Concentrations: De-

spite the fact that mal-distribution of the feed does not
appear to seriously affect the area requirements it can be
undesirable because of the high local concentrations. The
relative insensitivity of heat flux to mal distribution means
that a tube with low flow will transfer about the same amount

of heat and vaporize the same amount as the tube with normal
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flow. Thus, the liquid leaving low flow tube is of a higher
concentration than those with normal or excess flow. When
this local concentration exceeds the saturation concentration
at the temperature in the effect scaling can occur. In an
effect operating with part of the tubes at a low liquid rate,
even though the average concentration in the sump is well be-
low saturation the liquid deficient tubes can be scaling.
Calculations were made to demonstrate this behavior, and the
results appear as Figures 7 and 8., Each curve represents

the average concentration (relative to saturation) in the
sump. As the local flow rate in a tube (as expressed by per-
cent of normal flow on the abscissa) drops the local concen-
tration (expressed as percent of saturatien concentration on
the ordinate) increases. Thus in Figure 7, if the liquid in
the sump is at 957 of saturation, then when the liquid flow
in any one tube drops below 607 of normal, the concentration
leaving that tube will be above saturation and scaling can

be expected. Because of operating conditions, Bffect 12 is
much more subject to this behavior. The rather small mal

distribution can cause local concentrations to exceed satu-

ration.

One of the benefits of recirculation can be seen from
these calculations. Where an effect operates near satu-

ratien in the sump liquid, recirculation will help prevent
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local scaling since it will tend to minimize local mal
distributions. In additien, the larger flow rate at the
same heat transfer rate results in a smaller concentration
change across the tube, as shown above. However, this camn

be attained only at the priee of increased area.

Influence on Closer Tube Spring on Area Required: As modi-

fications are made to increase heat transfer on the tube
side, transfer rate on the condensing side quickly becomes
limiting. 1In fact, as discussed above, changes in the tube
geometry for the first effect is of noe value because shell
side coefficient 18, in fact, already limiting. One way to
increase this condensing coefficient is to cause signifi-
cant pressure drop to take place due to gas shear across
the condensate interface. One way to do this 18 to decrease
the flow area an the tube side by using closer tube spacing.
Calculations were made to determine if significant conden-
sate side shear could be introduced by the foilowing modi-
fied spacings:

2" tube on 2-3/8" triangular pitch

3" tube on 3-1/2" triangular pitch

4" tube on 4-1/2" triangular pitch

These calculations indicated that the increased shear due

to smaller spaeing is megligible., Still more closely spaced

tubes would introduce problems im web strength on the tube
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sheets. Thus the only alternative is to block off addi-
tional area using blank inserts between tube sheets on the

shell side. This study was not pursued further,

265






mani—— | (995) [ —




1 » ¥ * . 4 ] ] > .
I_E_.S_.I _ dl.ﬂﬂ__u. e i
[P = VT §i‘i
T T g T S T 0 FET M o ——
G mma fResEl Bha e AR ﬁ-_u._ﬂuumv —— =
L T = T SN T T TEm—
ANTANGI TESINENS RoD -!w ol el o mw| W BEINIANN = - .| — .—l_!l_ - WO NIARN o |
i LU —— 0 T— o T K] La —TT TR L S e LR TRt

L 4l " .T.Hf.r ., L/
- - - - 5 . L o T

W7 =i




2
Aﬂmmu I E— ] L
[7E T S T um—
e F ] H v mem | wm | WOiRIATR i ew W | w000 matsiakde _ -
o o — e — T o
=T 0

N
1
=y
i

=
T

s o i ~H > %i
3 L

I 9} | | ng ]

S D @ Hmw@ ﬁ o




| ]
PETE LR AN =7

[ 0 e {5300 . (A AT

grreminians ved wnsnn pHlivh ﬂ.mwmwv — T W

FIERT AN I T e—— ¥
TN Ry oS BALYE ST —
ANVAROD TWDINEND WOE s <l e Bt AL el - | N ey e ey w1 an [aim | & .MI w lmva| W | moiEiAWG -
=T T e e o —xr—x— T owie T — e e — T e e e R R T R TR




L] 2 L L] - ] | L] ] “
—— TR
!u.u_-h‘-l _ Twa b - _ — W =
= -l.hﬂlh.u. > -\?a|.ﬂl-.‘§.4q . =
i_‘f'mw. - w i e e a— | F .h...”,._ |l'|n! _H . = -
AL el - W R ey o rrE— < ([ ==
T LG TR T - T
an = i - e = H_u“- e (v @ [ wsiaians T vn | wm (mvm | @ | woisiand T ™ waimaaw
i T — fa ¥ T Ge T — e ¢ e TR R T e T e e T T e

| e
1'1::?&-:5
3
r




] r
= J
e [ =
3
y 00 FrTTuN T Y FrEn
s aanine | (TLE)
Amwames THOINEHD uoa sl <l — R —— wr mw| w | deinikEs o | -
s s mcy [
— T o= o o x> W e
ey 1 ;
IRTNE W ATer RS
Su |E—— sradir
NIENFD ¥O4 KON QN
: NAOT AT B
g yr
AT TN ‘ xi%
._E‘._lar R
WYL FoVaort oW WavL FOVEOLS DTN h
il L TPy %
- 1 |







7180

@ APPENDIX C

P. E. Muehlberg (2)

THE DOW CHEMICAL COMPANY FILE 40206
TEXAS DIVISION
4-13-64
CENTRAL LABORATORY FREEPORT DATE THIS REPORT
CHARGE 7501-702
REPORT OF ANALYSIS
DESCRIPTION
DATE OF SAMPLE 4-10-64 ‘
Raw Sea Down Stream Up Stream afte-
Water from Deaerator Acidification
Sample No. No. 1 No. 2 No. 3
PPM CO»> 92 2.8 68
PPM Dissolved Oxygen 6.5 0.01 4.2

Note - Accuracy of the results shown on deaerated seawater (sample No. 2)
is probably no better than I 50% of the amounts reported.

!

BY: JBH and LTJ Jjsm

s1GNED !éz £ rlesa
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P. Muehlberg

THE DOW CHEMICAL COMPANY FILE
TEXAS DIVISION
CENTRAL LABORATORY FREEPORT DATE THIS REPORT 6-11-64
cvance ___7501-702
REPORT OF ANALYSIS
DESCRIPTION Deaerator Samples - Saline Water Plant
DATE OF SAMPLE
Sample PPM Oxygen PPM COp
Feed 3.6 40
Effluent /0.005 3.6
Vapor (Poor Sample) 1300
No. 11 Steam None detected None detected
No. 2 Steam None detected None detected
RHD Jsm

BY:

. SIGNED /? /& Q%MJ_
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P. Muehlberg

DESCRIPTION

THE DOW CHEMICAL COMPANY FILE

TEXAS DIVISION 6-12-64

CENTRAL LABORATORY FREEPORT DATE THIS REPORT

DATE OF SAMPLE

BY:

CHARGE 7501-702
REPORT OF ANALYSIS
Water Samples - Saline Water Plant
Sample Dow Freeport
PPM Oxygen Less than 1 Less than 1
pH 6.65 7.05
PPM COz 5 8
Chloride 7 22
Calcium 1 4
RHD Jsm

KT Ay
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P. E. Muehlberg (2)

DESCRIPTION

THE DOW CHEMICAL COMPANY FILE XRD-803 and 804

TEXAS DIVISION
DATE THIS REPORT 6'-19"6)'I>

CENTRAL LABORATORY FREEPORT

CHARGE 7501-702

REPORT OF ANALYSIS

Deposits from Coupons from Converted Water from the Freeport

DATE OF SAMPLE

oallne Water Conversion Plant
6-11-64

Deposlits from each of two coupons were examined by
Xx-ray diffraction. The one coupon was from converted
water to Freeport and the other from converted water
to Dow. Both deposits showed to be essentlally
magnetlite (Fe304). No other constituent was detected.

K. C. Poulsen Jsm

A

BY:
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THE DOW CHEMICAL COMPANY FILE XRD-842
W. F. McIlhenny (2) TEXAS DIVISION 10-64
CENTRAL LABORATORY FREEPORT DATE THIS REPORT 7-10-

CHARGE 7501-702

REPORT OF ANALYSIS
Sediment from 0.S.W. of Freeport Water Filter
DESCRIPTION

6~22-64

DATE OF SAMPLE

X-ray diffraction examination of this material showed
the presence of magnetite (Fes04) as the minor constituent
diluted by an amorphous constituent. The amorphous material

is most likely hydrous iron oxide which tends to be amorphous.

KCP

BY:

vonee X.O. ke,

276 -




7180

DOV g

THE DOW CHEMICAL COMPANY

P. E. Muehlberg

B-205

FILE

TEXAS DIVISION

7-2-64

DATE THIS REPORT

CENTRAL LABORATORY FREEPORT

7501-702

CHARGE

REPORT OF ANALYSIS

DESCRIPTION Water Samples from

Seawater Conversion Plant

6-22-64

DATE OF SAMPLE

Sample
Seawater after acid mix
Seawater out

Raw seawater

Vapof top

Steam No. 11

Steam No. 2 Oxygen 20.
CO2 2

PPM Oxygen
2.6
0.2

1.2 and 2.75 (possibly sampled
at wrong point?)

(a) Oxygen 8.1 PPM
COz 57.2 PPM
(b) Oxygen 4.8 PPM
CO2 66.3 PPM

Insufficient sample

1 PPM

.8 PPM

BY:
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P. E. Muehlberg

THE DOW CHEMICAL COMPANY FILE GC 823

R L] D
elaune TEXAS DIVISION

CENTRAL LABORATORY FREEPORT DATE THIS REPORT 7-14—64
CHARGE 7501-7 02
REPORT OF ANALYSIS
DESCRIPTION Steam Samples from Saline Water Plant
DATE OF SAMPLE 6-30—64
Mole %
Sample Desc. Hydrogen Oxygen Nitrogen Carbon Dioxide
Bomb No. 5 3.2 18.4 71.5 3.4
Bomb No. 2, 18.5 8.6 51.7 22.0
Sample No. 1 - Vapor
Steam from No. 1 Vapor
body ahead of effect
No. 2 heating element
Sample No. 3, Bomb O.4 1.0 5.2 88.1

No. 3 - Vent steam
downstream of effect
No. 3 heating elements.
Cumulative non-~condens-~
ibles from vapor bodies
No. 1 and No. 2

Sample No. 2, Bomb 1.3 15.0 51.8 52.9
No. 4 - down stream of
heating element of

No. 2 effect. Non-
eepndensibles from

vapor body of No. 1

Basis: GC

TEG

2
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B-205

THE DOW CHEMICAL COMPANY
Paul Muehlberg TEXAS DIVISION rikE

DATE THIS REPORT 7_20-64

CHARGE 7501‘702

CENTRAL LABORATORY FREEPORT

REPORT OF ANALYSIS

Samples Collected

DESCRIPTION

6-25-65
DATE OF SAMPLE
Sample Acidified Seawater Raw Freeport Dow Saline
Seawater Out Seawater Water Water Concentrate
PPM Oz 2.5 0.15 b.,7 0.24 /0.1 11
PPM CO»2 52 8 - 13 Y 6
PPM C1 -——- - - 21 55 _——
Hardness as
PPM Ca 4.0 -—— R 3 5 _—
Methyl Orange /5 /5 --- 10 /5 10
Alkalinity as
PPM CaCOs
pH in situ 4,15 6.40 - 7.30 8.3%2 _——
pH in equili- 4.0 6.1 7.4 6.7 -
brium with
atmosphere
PPM Oz 1liquid Y 2.7 15.0 17.7 2.5 /1
PPM COz 1liquid 36 405 130 29 8 Y
M.O. alkalinity 12 * * /5 5 6
as CaCOsz liquid
PPM Sodium -— -—- --- 8.6 --- ---
pH in situ _— - --- --- 6.80 8.05
pH in equilibrium --- -— --- --- 6.5 7.4

with atmosphere

*Insufficient sample
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DESCRIPTION

THE DOW CHEMICAL COMPANY

TEXAS DIVISION

CENTRAL LABORATORY FREEPORT

REPORT OF ANALYSIS

DATE THIS REPORT

DATE OF SAMPLE

-2

Sample

Oxygen
CO2
Cl

Hardness as
Calcium

pH "in situ''**
pH in equili-

brium with
atmos.

* Sample bottle
high.

**pH values "in situ" and pH values in equilibrium made at two different
Comparison of pH value of buffer will be made between labs and
reported at a later date.

labs.

BWN

Seawater

Out __

10.7 PPM*
60 PPM*

4.20

5.70

probably leaked since these values seem unreasonably

Dow Water Freeport No.l

Freeport No. 2

1.5

5 PPM
49 PPM
2 1

5.98

6.90

/1.0

7 PPM
120 PPM
3 1

5.75

7.15

1.6
8 PPM

120 PPM

3 n

5.62

6.95

BY:

s.snzoXu/- >Q{,d/‘;
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P. E. Muehlberg

DESCRIPTION

THE DOW CHEMICAL

COMPANY FILE B-205

TEXAS DIVISION

CENTRAL LABORATORY

DATE THIS REPORT

7-20-54

FREEPORT

CHARGE

7501-702

REPORT OF ANALYSIS

Samples Collected 6-23-64

DATE OF SAMPLE

Vapor from
leaving No.1l
effect

Vent stream
from effects
No. 1 and 2
Noncondensibles
from vapor body
No. 1 effect

Vapor from
No.2 effect

Deaerator eff.

Brine from
No. 1

8Y:

% Oz Vapor

8.

1.

12.

6

0

0

18.4

51.7

51.8

71.5

%Nz Vapor %COz Vapor Vol. Vapor Vol. Liquid

22.0 35 ml

88.1 135 ml

32.9 80 m1

3.4 55 ml

470 ml

75 ml

125 ml

500 ml

2

81
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THE DOW CHEMICAL COMPANY FILE

TEXAS DIVISION

P. E. Muehlberg 7-30-64

DATE THIS REPORT

CENTRAL LABORATORY FREEPORT

1256-702-190

CHARGE

REPORT OF ANALYSIS
Water Sample - Effluent Brine from Deaerator at Saline Water Plant

DESCRIPTION

7-30-64
DATE OF SAMPLE
PPM COgz 6.6
J. B. Hoot jsm

BY:

’

SIGNED 'Q’V' (; w

282 % U.S. GOVERNMENT PRINTING OFFICE : 1965 0-1.""‘







