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EXECUTIVE SUMMARY
Background

The objective of this study was to set the groundwork for further development of indirect
coal liquefaction technology via Fischer-Tropsch (F-T) or methanol synthesis. In
particular, it was desired to know exactly how the slurry reactor concept could be used to
best advantage. In the slurry reactor, developed in GGermany in the 1950's, powdered
catalyst is suspended in a heavy oil - the heavy end of Fischer-Tropsch product, for
example - and the synthesis gas is bubbled through the mixture at reaction temperature and
pressure. The reactants dissolve in the oil and react over the catalyst. Agitation from the gas
flowing through the column - as in a bubble column reactor - provides for good mass

n'ansfq:r and heat transfer characteristics. The heat of reaction can be removed by cooling
tubes inserted into the liquid.

The slurry reactor has been proposed for Fischer-Tropsch operations in the wax producing
mode, which is prefer-ed from a selectivity standpoint. Production of light ends is
minimized and the heavy wax portion of the product can readily be upgraded to useful
products. Fluidized-bed reactors cannot operate in this mode. Tubular-fixed-bed reactors
have been in operation at Sasol for many years for wax production and will be used by
Shel] in their Middle Distillate Process being installed in Malaysia. A key question,
therefore, is how does the slurry reactor stack up against the tubular-fixed-bed reactor?

This study indicates that a key advantage for the slurry F-T reactor is its ability to convert
the low Hp/CC ratio synthesis gas (0.7 ratio or less) produced by coal gasifiers without
ratio adjustment. An iron based Fischer-Tropsch catalyst can accept such a gas, converting
it to liquid hydrocarbons with CO2 as the primary byproduct. The tubular-fixed-bed
reactors cited above have been operated on 2.0 Hp/CO ratio gas and produce water as the
byproduct. They would not be expected to be able to use a low ratio gas because of carbon
formation. The main product from this study, therefore, is a cost comparison of slurry F-T
reactors operating on low ratio gas versus fixed-bed F-T reactors operating on high ratio
gas after composition adjustment. Designs have been prepared for those sections of a coal-
based Fischer-Tropsch plant affected by reactor selection, equipment sized and costed with
particular attention to the reactors themselves, and operating costs examined.

The slurry reactor has also been proposed for the synthesis of methanol and mixed
alcohols. Chem Systems developed the original concept and Air Products has been piloting

the so-called liquid phase methanol (LPMeOH™) process at LaPorte, TX, and now is
designing a demonstration unit for Great Plains as part of Clean Coal 3. A specific niche
has been identified for the slurry reactor in the coproduction of methanol and electric power
in a combined cycle operation. A low conversion, once-through operation is used with low
ratio gas as produced in the gasifier. Unconverted gas is directed to gas turbines for power
generation. Methanol can be stored and used for supplemental firing of the gas turbines or
sold.

Since the coproduction type of operation has been well studied and since it was not certain
how to design a tubular-fixed-bed reactor for such an operation, attention was directed to
ascertaining how well the slurry reactor would compete costwise with the fixed-bed reactor
in a conventional, high yield methanol plant design with recycle. It was recognized that this
would probably not be the optimum application for a slurry reactor, with its superficial
velocity limitation, but it was felt that something could be learned about its preferred range
of applicability. A brief look was also taken at mixed alcohols operation, using Lurgi's

Octarnix™ process as a model.
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Reactor Design Criteria

Before atiempting to perform an economic comparison, it was necessary to develop a
rational basis for reactor comparison. Reaction kinetics, mass transfer, heat transfer and
hydrodynamics were examined and effects of operating variables such as superficial
velocity, slurry concentration, temperature and pressure were determined. It is necessary to
allow for the effect of slurry concentration on mass transfer, for example, and this report
provides a basis for doing so. A consistent process design basis was also developed based
on the use of the Shell gasifier. This effort is the subject of Sections 2 through 5 of the
?azoﬁn This material skiould be cf)fazaluc to the DOE in setting the basis for the proposed
eline economic evaluation of advanced Fischer-Tropsch technolo . DE-
RP22-90PC90027). d ey (RFP Mo D

Scale-up of the slurry F-T reactor has been the subject of numerous technical articles. A
high conversion per pass is preferred since recycle of unconverted syngas reduces the
production from a slurry reactor, which has a superficial velocity limitation. Conversions
of 90% or more have been demonstrated in high L/D pilot plant equipment but backmixing
in a commercial reactor will limit the conversion which can be achieved. This study has
taken a conservative approach by assuming that complete backmixing will occur and limits
conversion per pass to 80%.

On the other hand, it has been assumed that superficial velocity and catalyst slurry
concentration can be taken well beyond levels which have been demonstrated in F-T pilot
plant operations to date. There is good reason for this since hydrodynamic studies
sponsored by the DOE (e.g. Contract No. DE-AC22-86P(C90012) have demonstrated
reasonable gas holdup and gas dispersion under such conditions. Air Products’

development work with the LPMeOH™ process in the LaPorte pilot plant is also
considered very significant.

Conclusions

The primary conclusion from this study is that the slurry reactor has both advantages and
disadvantages and that proper applications must be sought. Coal-based Fischer-Tropsch, as
described above, appears to be such an application. It was found that, in a project
producing 20,000 BPSD of Fischer-Tropsch products from 7500 TPD of moisture free
Tlinois No. 5 coal, plant investment can be reduced by $91 MM if the process scheme
using slurry reactors is employed. This is a savings of about 8.5% on the total plant
investment. The savings are roughly equally divided between the reactors themselves and
the process simplifications resulting from the use of low H2/CO ratio gas.

"The fact that the slurry reactor can be operated continuously at the end of run temperature
required for the fixed-bed reactor proved a significant advantage and permitted operation at
roughly the same space velocity despite the fact that conversion was much higher (80% per
pass versus 37% per pass). This enabled the use of 6 slurry reactors for the same capacity
as 8 fixed-bed reactors, despite an intrinsically lower catalyst loading.

In order to gain these reactor savings it is necessary to dssign to an inlet superficial velocity
of 0.14 to 0.15 m/s (0.46 1 0.49 ft/s) and a slurry concentration of 35 wt%. Typical pilot
plant operations have been at about half these values. If the more conservative approach of
using demonstrated pilot plant conditions is taken, the number of reactors increases from 6
to 11 and the cost of the reactors approaches that of the fixed-bed system. The net savings
in investment reduces to $52 MM. There is thus a considerable incentive to demonstrate the
higher levels of velocity and concentration.

ii
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There is even the possibility of going still further. It is understood that Air Products is
designing the Great Plains demonstration unit for a superficial velocity of 0.24 m/s (0.8
ft/s). Slurry concentrations higher than 35 wt% are also possible. Again, the methanol
system has been run up to 45 wt% slurry but under these conditions mass transfer
resistance becomes a significant factor. This should not be true in the case of Fischer-

Troptzch reactors which operate at only about one third the space velocity of a methanol
reactor. |

Operating cost was found not to vary greatly between the two reactors provided the slurry
reactor catalyst is assumed to have an equivalent 60 day life (continuous replacement would
be used) and the fixed-bed reactor catalyst, a life of one year. There is very little basis for
either of these replacement rates and this is an item for further investigation. It was more
difficult to belance energy requirements in the fixed-bed case leading to higher fuel gas
requirement, but.thxs is at least in part due to the use of the Shell gasifier. The Texaco or
Dow type of gasifier would fit better into the fixed-bed processing scheme whereas the
Shell gasifier appears a good choice for the slurry case..

For a conventional recycle methanol application the situation is reversed. The slurry
methanol synthesis loop, at $41 MM for 1640 TPD of production, is almost twice as
expensive as a tubular-fixed-bed system. The reasons are apparent when the design
conditions are examined:

* In order to achieve design pfoduction from the slurry reactor, pressure is raised to
100 atmospheres. This reduces recycle requirement to a minimum and permits
higher mass flows at a given superficial velocity.

e Using a stoichiometric feed gas it is possible to run the fixed-bed reactor at 55
atrnospheres. Pressure drop is a limitation, but Lurgi assures that the design
capacity can be produced.

« Space velocity is roughly the same for both reactors per unit weight of catalyst
present. Because of the lower catalyst loading per unit of reaction volume, the
slurry reactor is over twice the height of the fixed-bed reactor.

e The entire shell of the slurry reactor must be designed for reaction pressure of 100
atmospheres. With the fixed-bed reactor only the heads and tube sheets need be
designed for reaction pressure. Thus even if the fixed-bed operating pressure
were 100 atmospheres, shell weight would be less.

» The combined effect of the above is to negate the lesser tube weight of the slurry
reactor and produce a more massive and costly vessel.

o Finally, feed gas compression is required, whereas the fixed-bed reactor can
operate at the pressure level available from a Texaco gasifier.

No conclusions can be drawn from this study concerning once-through methanol
operations. Without recycle, pressure can be reduced in half, essentially cutting the weight
of the slurry reactor in half. The comparison would then depend on what design conditions
can be developed for the fixed-bed reactor operation.

It was not possible to design a slurry reactor mixed alcohol plant without a better feel for
what limits conversion. Lurgi requires 100 atmospheres for the fixed-bed operation with
quite a low space velocity. Production is 460 TPD from the same size reactor used for 1640
TPD of methanol production. The high pressure was stated to be essential. This being the
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case, it does not appear that this is a good application for the slurry reactor in its present
configuration :

RECOMMENDATIONS

Further development of the slurry reactor for the Fischer-Tropsch application can be
recommended without qualification. It appears to have intrinsic cost advantages over the
fixed-bed reactor for this application and is more amenable to further improvement. The
reactor is not easy to scale-up, however, and further experimental pilot plant work is
recommended to demonstrate operation at the design canditions used in this study in a
reactor of sufficient size that axial dispersion effects can be determined. Conversion of the
LaPorte reactor to Fischer-Tropsch synthesis should be possible and is recommended.

A number of design needs are listed in Section 5 of this report. Foremost among these are
the demonstration of backmixing effects, the possibility of reducing backmixing by use of
baffles, possible advantages of higher conversion levels than were used in this study and
better experimental definition of the effects of pressure, superficial velocity and catalyst
concentration.

Reactor modifications that will limit backmixing and give higher conversion may be worth
pursuing. A better feel for the economics could be gained by an analysis of the two extreme
models, plug flow and complete backmixing. This would define the incentive for further
development efforts. It is also noted that, when operating conditions are chosen to
maximize capacity or new more active catalysts are developed, the number of cooling tubes
increases to the point where alternate reactor designs with external cooling may once again
become worthy of consideration.

Finally, it is felt that this study -epresents a good first step towards DOE's proposed
baseline study on indirect liquefaction. It is recommended that the design assumptions used
here be carefully reviewed and used for the definition of design conditions for that study.
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TOPICAL REPORT
SLURRY REACTOR DESIGN STUDIES
DOE Project No. DE-AC22-89PC89867
REACTOR COST COMPARISONS

1.0 INTRODUCTION

The objective of these studies was to perform a realistic evaluation of the relative costs of
tubular-fixed-bed and slurry reactors for methanol, mixed alcohols and Fischer-Tropsch
syntheses under conditions where they would realistically be expected to operate. The
slurry Fischer-Tropsch reactor was, therefore, operated at low Hy/CO ratio on gas directly
from a Shell gasifier.The fixed-bed reactor was operated on 2.0 Hp/CO ratio gas after
adjustmcn; by shift and CO; removal. Every attempt was made to give each reactor the
benefit of its optimum design condition and correlations were developed to extend the
models beyond the range of the experimental pilot plant data.

For the methanol design, comparisons were made for a recycle plant with high methanol
yield, th;s being the standard design condition. It is recognized that this is not necessarily
the optimum application for the slurry reactor, which is being proposed for a once-through
operation, coproducing methanol and power. Consideration is also given to the
applicability of the slurry reactor to mixed alcohols, based on conditions provided by Lurgi

for an Octamix™ plant using their standard tubular-fixed-bed reactor technology.

This report follows the same format as the Topical Report on "Reactor Selection Criteria”,
issued in April 1990, except for the addition of Section 6 "Capital and Operating Cost
Comparisons", an Executive Summary and backup material on the Methanol designs in
Appendix E and the Fischer-Tropsch designs in Appendix F. This backup material consists
of the process flow diagrams and equipment lists used for the estimation of costs. Fischer-
Tropsch material balances and utility balances are also included as well as Lurgi's process

flow diagram for the Octamix™ mixed alcohols process.

Sections 2 through 5 and Appendices A through D are identical to the Topical Report except
that Section 4, "Process and Reactor Design Bases," has been amended and expanded.
Sections 2 and 3 contain a critical review of the literature on Fischer-Tropsch (F-T) and
alcohol syntheses from the standpoint of reactor design. Bechtel was assisted in this work
by two consultants who supplied design reviews:

Dr. Aydin Akgerman of Texas A&M University in Appendix A
Dr. Joe M. Smith of U. C. Davis in Appendix B

Section 5 covers areas for further development.

Appendix C consists of Bechtel's review of fixed-bed and slurry reactor kinetics and
Appendix D is a reprint of the paper "Fischer-Tropsch Reactor Selection” presented at the
Fischer-Tropsch Symposium at the AIChE Spring National meeting in Orlando, March,
1990.



2.0 SLURRY REACTOR DESIGN

2.1 Definition of the "Slurry Reactor"

For the purposes of this review, a slurry reactor is defined as a three phase bubble column
reactor utilizing the catalyst as a fine solids suspension in a high molecular weight liquid.
For methanol synthesis the liquid is Witco-70, a saturated mineral oil with molecular
weight ~340; for Fischer-Tropsch synthesis it is the heavy portion of the product,
molecular weight ~<00. In the latter case product withdrawal includes a catalyst separation
step (e.g.. hy@mclor}lng), returning the catalyst thus recovered to the reactor. Gas-liquid
disengaging is provided by a settling zone at the top of the reactor and external cyclones.

The reacting feed gas (mixed with recycle) is introduced through spargers. It bubbles
through the column, keeping the catalyst in suspension, aerating the liquid and supplying
the agitation necessary for mass transfer as it reacts. Because the reactions in question are
highly exothermic, cooling coils are provided in the reaction zone, contacting the liquid
phase with cooling medium, normally in the form of steam generation.

Except for the presence of solids, this type of slurry reactor is identical to the bubble

column reactor commonly used for gas-liquid contacting accompanied by chemical

reaction. Where gas solubility is low (liquid phase mass transfer is important) and a large

lt:gmd holdup is required, this type of reactor is ideal. It has been selected for this study
cause:

1. It has been chosen by Air Products for the liquid phase methanol reactor after
careful review and testing of other types of reactors including those with slurry
circulation through an extemnal exchanger, both ebullated-bed and entrained-bed
versions.

2. It has long been considered for application to liquid phase Fischer-Tropsch
synthesis since first being proposed by Kolbel and Ackermann in the 1930's.

3. It is amenable to modelling and scale-up, though more difficult to analyze than a
fixed-bed reactor. The literature on this subject is extensive.

A sketch showing the slurry reactor proposed by Kolbel is presented as Figure 2.1.

Slurry reactors and bubble column reactors have a long history of commercial use in
specific applications. Among these are:

o Stack gas scrubbing with lime or magnesia

o Fatty oil hydrogenation with catalyst suspensions

o Resid hydrocracking and hydrotreating in ebullated bed reactors
o Olefin polymerization using catalyst suspensions

o Waste water treatment

o Ethylene oxidation to acetaldehyde (Wacker process)

o Ethylene oxychlorination

o Oxidation of toluene to benzoic acid

11



For some of these applications special designs have been developed:

o The ebullated-bed reactor is employed for resid hydrosracking and is proposed
for coal liquefaction. In this design, larger catalyst particles are used and the
liquid product overflows from the reactor free of the catalyst.

o The pipeline loop reactor is used for polymerization of olefins to isotactic
polymers (Figure 2.2). This design takes advantage of the improvement in
product quality and conversion when plug flow characteristics apply. The
product is removed as a solid which contains catalyst particles dispersed in it.
External jackets cool the reactants.

o Pipeline reactors are used in the homogeneous two-stage partial oxidation of
cthylene to acetaldehyde The catalyst is circulated from the reactor to the
oxidizer, where it is reoxidized with air. A bubble column is used for the single

- step process with in-situ oxygen addition. Heat removal is by water evaporation
from the liquid phase. _

o Mechanically agitated reactors have been used for the olefin polymerization and
oxychlorination processes, among others. Several such reactors can be placed in
series if high conversions are required.

o Some slurry reactors incorporate special internals such as porous plate
distributors or internal draft tubes to promote circulation. The jet-bubbling
reactor, used by Chiyoda/Bechtel for SO2 scrubbing, employs a draft tube.

o Several schemes are used for heat removal where the process is highly
exothermic. Most reactors use internal coils or solvent evaporation but circulation
through an external heat exchanger has sometimes been used where heat removal
surface requirements are high compared to reactor volume. Air Products has
looked at external circulation loops for their liquid phase methanol piocess, both
with ebullated-bed and entrained-bed designs (Figure 2.3). These designs
require a slurry pump and internal cooling coils are preferred as long as there is
adequate space in the reactor..

o A circrlating design without a slurry pump has been used for xylene oxidation
(Figure 2.4). The design achieves rapid circulation by virtue of differences in
density between the contactor and the heat sxchanger. It has not yet been applied
to slurry systems but might be worthy of consideration in future development
work,

The rapid internal circulation of the liquid phase in large scale shury bubble colurns has
both advantages and disadvantages. From a reaction standpoint, it limits the conversion
which can be achieved in a given siz reactor. From 2 heat removal standpoint, however, it
has the advantage that temperatures within the vessel are quite uniform and heat transfer
coefficients are good. It is possible to us¢ a reactor-to coolant temperature difference of 50

°F with an overall heat flux of 6000 Btu/(hr -ft2-°F) or more. Air Products has stated that
the volume occupied by the heai exchanger in the La Porte slurry methanol reactor is only
3.5% of the total reactor volurne. It wov'd appear both feasible and prudent, however, to
design with at least double this heat exchange volume.The heat release per unit of synthesis
gas reacted for Fischer-Tropsch is roughly 1.6 imes that for methanol synthesis but space
time yields (STY) are lower, making the use of internal coils still feasible.

While the bubble column with internal heat exchange has been chosen for this study, the
use of an external heat exchange loop may be worthy of further consideration as more
active catalysts are developed and other design critena are pushed to the limit,

0



Figure 2.1
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Figure 2.2

SLURRY REACTOR DESIGN
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Figure 2.3

SLURRY REACTOR DESIGN
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Figure 2.4

SLURRY REACTOR DESIGN
CIRCULATING LOOP REACTOR

WITHOUT PUMP

US PATENT 4,342,876

VENT

OF

EXCESS GAS
TO CONDENSER

, T— -
________ (- LIQUID OXIDATE

OUTLET

3 3
C. { "~ STEAM AND H;0

nil sl id

6

0
r Hy0 FROM

STEAM DRUM

OXYGEN-

[ .:
CONTAINING MT’JW
GAS INLET 8 i L—-——;Z

-=1 -2
f{{_cxmursr ADDITION

)

TO STEAM DRUM

L ] .r

fo

10— }

P-XYLENE L
INLET ASP

P-METHYL

=13

TOLULATE

INLET

—o ALTERNATE OXIDATE

OUTLET



il

2.3 Synopsis of Consultants’ Review

Both consultants devoted their primary effort to slurry reactor design principles. Attention
was also directed at differences between the slurry reactor and the fixed-bed reactor. Dr.
Akgerman's comments provide guidance on specific design aspects so they are covered
first and in more detail. Dr. Smith's Lcomments are in the nature of a review of the literature
on reactor modelling for the two reactions of interest and are standalone documents.

2.3.1 Carbon Formation in Fischer-Tropsch Reactors

Dr. Akgerman has shown that the slurry reactor has a significant advantage over the fixed-
bed reactor in terms of carbon forming tendency because the Hp/CO ratio the catalyst
actually sees can be modified in the slurry reactor to higher Hy/CO ratio by a combination
of gas solubility and diffusion rate differences. He shows that if reaction rate controls, the
effective Hp/CO ratio the catalyst sees is controlled by solubility differences. The data are
conflicting but the concensus shows basically no difference from the gas phase. If mass
transfer controls, then differences in diffusion are important and here he concludes that the
Hy/CO ratio the catalyst sees may be 2 to 3 times that in the gas phase. Dry (at SASOL) has
found carbon formation to be related to pco/pH,?, so that the actuai effect on carbon
formation is 4 to 9 times,

Akgerman attributes carbon formation to the Boudouard reaction:

2CO & CO+C

which is associated with catalyst particle swelling and eventually, in a fixed-bed reactor,
leads (o bed plugging and hot spots. While the methanol catalyst does not show this
tendency, typical promoted iron catalysts used for fixed-bed Fischer-Tropsch synthesis
must be run at low temperature and high Hy/CO ratio to minimize plugging problems while
producing high yields of waxy distillate.

2.3.2 Design of Slurry Reactors

This section of Akgerman's review consists of a series of reports delineating what may be
considered to be the more significant variables to be considered in slurry reactor modelling
and what correlations are available for prediction. Assumptions are:

Plug flow in gas phase - assuming high gas velocities

Axial dispersion in the liquid phase (or fully mixed in large reactors)
Isothermal - due to high degree of liquid mixing

Mon-uniform catalyst distribution - sedimentation model
Hydrostatic head effects (pressure drop) can be neglected
Stoichiometry can be modelled by a contraction factor

k12 and gas holdup are uniform over reactor iength

Liquid flow can be neglected

2.3.2.1 Suspension of the Solids
It is shown that the critical solids loading (i.e. the maximum that can be held in complete

suspension) is about 65% for methanol and Fischer-Tropsch syntheses. A concentration of
35 to 45%, as proposed by Air Products for slurry methanol, should be no problem.
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2.3.2.2 Internal Catalyst Diffusion Effect

It is shown that internal diffusional resistance can be neglected for Fischer-Tropsch and

;ncthanol synthesis reactions in a slurry reactor where the particle diameter is 50 um or
ess.

2.3.2.3 Analysis of Resistances

A simple model is developed for F-T and methanol synthesis which assumes plug flow in
the gas phase and a perfectly mixed liquid phase. The effects of various parameters are then
examined. It is shown that an overall rate constant for either reaction can be developed
Wh{lCh can be analyzed as a series of resistances. Of these only k1 a and the kinetic
resistance are shown to be important and these are of comparable magnitude over the range
of conditions normally used in the Fischer-Tropsch reaction (at low gas velocity or high
temperature, mass transfer will become more predominant). Liquid-solid mass transfer and
diffusion into the solid may be neglected.

2.3.2.4 Effect of Stoichiometry

The equations of Deckwer are given showing how stoichiometry can be handled in terms of
an overall contraction factor, the inlet Ho/CO ratio and the Hp/CO usage ratio. (Most
models use a mean gas velocity in the estimation of gas holdup and kj a. This can be
calculated from the contraction factor and the estimated conversion and the calculation
iterated until converged).

2.3.2.5 Solids Dispersion

It is shown that catalyst distribution over the reactor volume can be important and can be
accounted for by adding a catalyst concentration term into the kinetic rate constant. Gas
superficial velocity, reactor diameter and particle settling velocity are the key variables in
the analysis, which uses 2 sedimentation model.

2.3.2.6 Transport Parameters

The Shah and Deckwer model is cited for the liquid axial dispersion coefficient. Numerous
correlations are available for the liquid phase mass transfer coefficient but the Akita-
Yoshida correlation is recommended as giving good results where the gas is distributed via
single or multiple orifice spargers which is probably the most reasonable design for a large,
high superficial velocity, commercial reactor.

2.3.4 Effect of Solids on Mass Transfer

Consideration needs to be given to the effect of solids on kp a. Starting with the Akita-
Yoshida correlation, a correlation by Zheng on the effect of solids on gas holdup and the
data of Joosten and of Sada on ky a and viscosity, a relationship is given showing the effect
of volume fraction solids in lowering the mass transfer coefficient.

2.3.5 Model Solutions for Slurry Reactors
Model solutions are summarized for two slurry reactor models which incorporate

simplifying assumptions. Model 1 is for non-backmixed gas and liquid phases (plug
flow), a situation which may be approached in a high L/D laboratory reactor. Model 2 is for

b 1 Wl\'
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liquid phase perfectly backmixed, gas phase plug flow. This should more closely represent
a large diameter, commercial reactor. Other assumptions are:

Only gas/liquid mass transfer and the reaction resistance terms are important;
liquid/solid mass transfer and intraparticle diffusion are negligible.

Reaction rate is first order in hydrogen concentration (known to be a good
assumption up to 60% conversion and used in many models at higher
conversions than this).

Constant usage ratio of CO and Hp; may be different than the input ratio.

Contraction factor is uniform with conversion

Liquid phase batch (liquid flow is negligible compared to other effects)

Catalyst is uniformly dispersed

A mean gas velocity can be used to estimate gas holdup and ki a.

This analysis follows articles by Bukur and others. It has been used by Bechtel (Appendix
D) to show graphica'ly the effcts of variables, leading to a better understanding of design
conditions for a commercial Fischer-Tropsch slurry reactor. A third model, for a
continuous stirred tank reactor (CSTR), has been added by Bechtel following the same
assumptions. The development of this model is given in Appendix C.

2.3.6 Effectiveness Factors in Fixed-Bed Fischer-Tropsch

It is shown that for 1/16" to 1/8" diameter particles and first order rate constants typical of
Fischer-Tropsch synthesis (0.01 to 0.4 sec1), catalyst effectiveness factors will vary from
1.0 to 0.62 for hydrogen diffusion, from 1.0 to 0.42 for CO diffusion. The intraparticle
diffusion effect will not be large but should be taken into account. (An article by Post et.al.,
AIChE], 33, 1107 (1989) confirms this experimentally.)

2.3.7 Literature Summary for Design of F-T Bubble Column Reactors - J. M. Smith.

This summary concentrates on the models of Deckwer, Kuo and Stern, all of which include
the axial mixing effect which is considered to %2 necessary for successful scale-up. All
three models neglect or minimize solid/liquid mass transfer and intraparticle diffusion.
Deckwer and Stem include heat transfer, but temperature variations shown are minor.
Catalyst concentration changes with reactor length are included but for small particles are
found to be negligible.The Stern model (and Kuo's multicomponent maodel) develop the
reaction stoichiometry and cuzsider the water gas shift reaction to have a finite rate. They
can, therefore, be used to make predictions outside the range of applicability of Deckwer's
assumptions mentioned in 2.3.2.4. The effects of these differences, of different methods
for estimating gas holdup and kinetics and other limitations common to all the models are
discussed.

2.3.8 Literature Summary on Me: anol Production from Synthesis Gas

A brief review of methanol production, kinetic models and reactor design principles for
both fixed-bed and slurry reactors is provided. Three comparisons of fixed-bed and slurry
reactors for methanol synthesis are reviewed and the underlying principles are analyzed. In
general, these comparisons are ot indicating a great size and economic difference between
reacior types for conventional methanol synthesis.
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2.4 Results of Model Simulations
2.4.1 Axial Dispersion and Stoichiometry

Three simple Fischer-Tropsch models (Model 1 - plug flow of both gas and liquid, Model
2 - plug flow of gas, completely backmixed liquid and Model 3 - completely backmixed,
both pk;ascs)ihavc been used to generate values of conversion, space velocity (SV) and
space time yield (STY) as determined by inlet gas superficial velocity, slurry concentration
and reactor dimensions. Model 1 should approach the results from a high L/D pilot plant
reactor, Model 2 should approach that of a large diameter, commercial reactor while Model
3is representative of both lab scale and commercial mechanically-agitated reactors. The
assumptions involved in the use of these models have been described in Section 2.
Stoichiometry is handled by use of the inlet gas CO/H2 ratio, I, the CO/H2 consumption

rau:o. U.. (assumed constant with conversion) and the contraction factor, o The models are
written 1n terms of hydrogen conversion but, with known values of U and I, the CO and

synthesis gas conversions can readily be derived. Derivations of the three models are given
in the Appendices.

The relationship between these models is developed in Appendix D, which reproduces a
technical paper developed for the AIChE Fischer-Tropsch Symposium in Orlando (March,

1990). In Models 1 and 3, an overall rate constant is derived from the expression!:

1/KA = 1/kLa + 1/kreL

Th@s is the farniliar summation of resistances. Other resistances, such as that at the liquid-
solid interface could be added, but it is shown in Appendix A that these can be neglected
with little loss in accuracy. Model 2 is somewhat more cornplicated but, as shown in
Appendix D, reduces to either to Model 1 or Model 3 in the extreme as either surface

reaction or mass transfer dominate. When o = 0, Model 1 reduces to the familiar first order
relationship that the log of one minus conversion is proportional to 1/SV,

From the difference between Models 1 and 2 at high conversion, it is apparent that the
degree of internal mixing is an important variable. As described in Appendices A and B,
mixing effects can be modelled by use of axial dispersion coefficients. This leads to
boundary limit problems solvable by orthogonal collocation techniques. Models 1 and 2 are
simpler to use and understand and lead to direct analytical solutions at the extreme
conditions where Dy, the axial liquid dispersion coefficient, is zero and infinity,
respectively.

The approach used in this study is to use the time available to develop best estimates of
reaction kinetics, mass transfer and gas holdup and explore the effects of superficial
velocity, shury concentration and pressure on conversion and space time yield (STY).using
the limiting models. For scaleup purposes several benchunarks are available in the form of
reported pilot plant and demonstration unit results from Mobil, Rheinprussen and (for

methano!) Air Products. Deckwer (1982)2 gives the following expression for estimation of
the axial dispersion coefficient for the liquid phase:

DL = 3.676-ug0-32.dg1-34  (cm?/s)

1 A table of nomenclature follows Section 6.
2 For reference citations see Appendices A and B.
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where ug is the superficial gas velocity, cm/s and dy, is the reactor diameter, cm

Pilot plant conditions result in values of Dy on the order of 40 to 50, the Rheinprussen

demonstration reactor, on the order of 4700 and proposed commercial designs, on the

order of 31000 ctn/s. Clearly, if the conversions in these units fall in the proper range

gctwccn Models 1 and 2, then the use of Model 2 should be reasonable for the commercial
esign.

In Appendix D, it is shown that Model 2 leads to a rapid fall-off in STY (Nm3 syngas
converted per hour per m3 of reactor volume) at very high conversion levels, say above
90%. Some recycle of unconverted reactants will be required to maximize uitimate
conversion and minimize unwanted byproduct gas production. Since external recycle gas
requirements are only 12% higher at 80% than 9% conversion per pass, whereas STY is

sou(xic 30% larger, 80% conversion per pass has been selected as the design level for this
study.

2.4.2 Mass Transfer and Gas Holdup

Any slurry reactor model, no matter how complex, is no better than the methods used to
predict gas holdup and mass transfer. Accurate prediction of gas holdup is very difficult but
is essential since it (1) determines (along with slurry concentration) the amount of catalyst
in a given reactor volume and (2) is required in most expressions for predicting the gas
holdup. Most of the previous F-T reactor modelling efforts used a simple expression in
terms of superficial gas velocity:

eg = 0.053ug!!
This expression was originally recommended by Deckwer and others for superficial
velocities below 4 cm/s, at which velocity it gives a gas holdup of 0.24. At higher gas
velocities than this it will predict too high and at 14.5 cm/s gives a gas holdup of 1.0.
At this point the models indicate that the conversion drops to zero because the reactor
contains no catalyst. This has led some writers to recommend a limit on superficial velocity
at about 9 cmy/s.

Fortunately, Bukur has recendy been looking at the hydrodynamics of F-T slurry reactors
for the DOE. His most recent expression for fractional gas holdup3 is as follows:

G = 0.24-(Frg)0-28-(Bo)0-14
where
Frg = ug2/(g-dp) and Bo = drZ-pL-g/oL

with ug = gas supertficial velocity, dr = column diameter, pL = liquid density, o =
surface tension and g = gravitational acceleration in consistent units.

3 Personal communication from A. Akgerman dated 1/29/90.

12

Iy



Wi

The correlation is good for non-foaming wax, which is yrobably what will exist in a
commercial scale reactor. Tyxically, density of the liquid wax is about 0.67 g/cm3 and
surface tension is about 0.014 t0 0.017 N/m. At 15 co/s superficial velocity the correlation
predicts a gas holdup of 27% which is verified experimentally.

Akgerman has recommended (1) use of the Bukur expression for gas holdup, (2) the Akita-
Yokida (1973) correlation for kya using liquid (not slurry) properties and (3) use of
correction to ky a for slurry concentration which he has derived in Appendix A. He also
recommends use of his own data for hydrogen diffusivity in F-T wax and n-octacosane
obtained under DOE contract DE-AC22-84PC70032. Over the temperature range of interest
for F-T synthesis, this has been fit to the equation:

Dy = 0.00000016-T/u0-5 | m%/s

where T is temperature in °K and p is liquid viscosity in poise. The diffusivity of CO in the
same media is 1/3 that of hydrogen. In the Akita-Yoshida correlation, ka is directly
proportional to diffusivity and is proportional to eg!-1.

2.4.3 Benchmark Simulations

As discussed in Section 2.4.1, the design approach employed in this st. iy is to use the
simplified models to check benchmark pilot plant and demonstration unit results looking for
reported conversions to be bracketed between Models 1 and 2. Use of Model 2 for the
commercial slurry reactor design should then provide a reasonable, possibly somewhat
conservative, design basis. In following this approach, it was found that the kinetic
expression used in Deckwer's reactor model had to be modified to fit the reported data.
Since the literature indicates that an activation energy of 130,000 kJ/kgmole is typical of the
reaction in the absence of mass transfer resistance, the following expression was
developed:

k'y = kg / (kgCat/m3) = 3,3.109.(-130000/RT)

where the units are (s-kgCat/m3)1. Division by the catalyst loading in kgCat/m? of
unexpanded slurry is in basic agreement with space velocity expressed per kg of catalyst,
the most common way of reporting data. The preexponential term was chosen to check
reported conversions for the Rheinprussen laboratory unit using Model 1.

The resulting simulations are shown in Tables 2.1, 2.2 and 2.3 showing results for the
Rheinprussen demonstration unit, the Rheinprussen laboratory unit and the Mobil pilot
plant, respectively. The results are summarized below:

Hz + CO Conversion
Model 1 Model 2 Reported
Rheinprussen Laboratory Unit 88.0 76.6 88
Rheinprussen Demonstration Unit 93.6 78.6 89
Mobil Pilot Plant 100 83.6 88

In each case the catalyst concentration was adjusted to match the reported holdup of catalyst
(or Fe) in the reactor. For the Rheinprussen demonstration plant at 0.095 m/s superficial
velocity, Bukur's prediction method was used for gas holdup since Deckwer's equation
predicts a gas holdup of 50%, which is too high. For the other two cases, Deckwer's

13
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equation was used since it seemns to better fit reported gas holdup values for these small
diameter reactors.

As expected, the Rheinprussen demonstration unit conversion falls between Models 1 and
2. The Mobil pilot tilant predictions are too high indicating, perhaps, that the Mobil catalyst
did not have quite the same level of actvity.

2.4.4 Pressure Effect

The kinetic rate expression used in all these models is first order in hydrogen concentration,
implying that if pressure is doubled the rate is doubled. In other words, if reaction rate
controls and if GHSV is expressed in terms of flow at standard conditions (i.e.
Nm?3/(h-kgCat), then it should be possible to double GHSV and obtain the same
conversion level as pressure is doubled. No literature data were found to support this

in.erpretation although in their slurry reactor modelling study, Deckwer, et al (1982) imply
that it is correct.

Singleton and Regier have published data on Gulf-Badger fixed-bed F-T processing, using
promoted cobalt catalyst,which indicate that the pressure effect is not linear but flattens out
at pressure levels above 200 psia (Hydrocarbon Processing, p71, May 1983). This implies
that the surface monolayer becomes filled at some pressure level and further increases have
less impact on conversion. While this effect could be peculiar to the Gulf-Badger catalyst, it
seems prudent to assume that a similar effect exists with precipitated iron catalyst and that
the slurry reactor is no different in this respect than the fixed-bed reactor. For this reason it
has been decided to make the arbitrary assumption that rate is not linear with pressure but
decreases with pressure to the 0.5 power. The effect on the Models is shown in Tables 2.4
and 2.5 and is summarized as follows:

Hy +CO Conversion
Model 1 Model 2 Reported
Rheinprussen Demonstration Unit 92.6 71.6 89
Mobil Pilot Plant 96.1 79.8 88

The Rheinprussen laboratory unit is used as the base point, so it does not change. There is
a significant improvement in the Mobil pilot plant prediction, since this was run at a higher
pressure level.

2.4.5 Effect of Mass Transfer

In Tables 2.1 through 2.5, the fraction of the total resistance provided by mass transfer is
shown on line 60. The variation is between 12 and 25%. Low superficial velocity and high
temperature tend to increase the percentage. It should be remembered, however, that these
percentages are based on hydrogen conversion rate. Since CO is consumed at 1.6to0 1.7
times the rate of Hy and its mass transfer coefficient is expected to be 0.5 to 0.7 times that
¢ Hy its fractional mass transfer resistance can be as much as twice that of hydrogen. this
is reflected in a lower Hy/CO ratio in the liquid phase as discussed in Appendix A.
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Table 2.1

A B { [ 1 D E

1 _JCASE RHEINPRUSSEN LABORATOHY UNIT 4/17/90
2 JuGo - c/s 3.5

3 _Jaipha -0.5

4 |l 1.6

5 U 1.688

6 lalpha® -0.5176

7 |7 -oC 266

8 _|Wt% Siurry 15

9_iVol% Solids 3652007413

10 |dR - em 4.7

11 4L -em 345.8

12 |dp - micron 26

13 |rhoS - g/em*3 3.1

14 Imul - poise 0.022322897

15 jrhol - f/lem3 0.66687

16 |sigmal - dyne/om 16.5

17 |OA - cma/s 0.00057721

18 |muSlurry - poise 0.024637652 1
10 {rhoSlurry - g/om*3 0.7547667989

20 |kLa Correction Factor 0.814130428

2 1 |BEACTOR MODEL MODEL{ MQRDEL A

2 2 |epsilonG - Deckwer's Model 0.160004024 0.16639018 0.170103106
23 |kLa - 84-1 (uncorr) for H 0.31.706921 0.324375011 0.3323458556
24 |kla - s*-1 (corr) for H 0.252858755 0.2640864886 0,270675846
25 |kH - (s'kgCatm3)-1 0.000B31233[3.3048°exp(-130/RT
26 JkH- 5%-1 0.084108054

27 IkH'epslionl. - s-1 0.079050386 0.078449398 0.078009682
28 |He - (kPa cm*3)/mol 19690764.02

29 |RTU(UGo*He) - s8A-1 22. 474752956
30 |KA - s*1 0.060228725 0.060606353
3 1 |Stanton No. - target 1.353625718 1.362112813
3 2 |H2 Converslon 0.8495696077 0.077117348
3 3 |Stanton No, - result 1.353627693 1.3621171856
34 |Average UG - cm/s 2,730435068 2.886667106
3 5 |Stanton No. - reaction 1.763130833

36 |StantonM - target 5.936276532

37 |H2 Convarsion 0.740418247
38 |n 0.419945153
30y 0.7411564967

40 {StantonM - result 5.034721427
4 1 |Average uG - cm/s 2.8283208152
4 2 |Pressure - kPa 1100

4 3 |Reactor Xsect - m"2 0.001734946
4 4 |Reactor Vol, - m*3 0.0056094238

4 5 Fead Rato - m*an 0.218603012

4 6 |Feed Rate - Nm*3h 1.201708011

47 ISV - Nm*3/(m*3 h) 200.3034226

4 8 1H2+CO Conversion 0.870502701 0.766480069 0.700061878
4 9 |CO Conversion 0.86044 0.783856117 0.716841565
50 ISTY - Nm*3/(h°m*3) 176.1674102 163.6207614 140.4030603
51|STY - Nm‘w(kgcm h)) 1.852440809 1.626757724 1.494336443
82 |GHSV - Nm‘N@gCﬂt h) 2.106236419 2,122371969 2.131867378
53 |Catalyst - kg 0.670547642 0.566200896 0.5663687878
5 4 [Catalyst Loadlng__l_t_g_lm“a $5.10016102 04.3771523 93.95679331
8 5 |Reaction Enthalpy - kJ/gmol -CH2- 194.0133333 194.0133333 104.0133333
58 kg_m;ql/h of H2+CO Conv (=3°* -CH2-) 0.047153812 0.041004241 0.0375809563
57 |Heat Reloase - KW 0,847080308 0.738225085 0.675111660
& B |Hoat Rolease - kW/m*3 141.1932862 123.0400317 112.5201474
59 |Heat Release - Bu/(h t*3) 13651.48341 11897.17811 10880.0484
6 0 |Mass Transter Resistance - % 23.8007018 22.00253414 22.30801737
61 |DL - cm2/i 40.32659878 40.78733634 41.05003832
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Table 2.2

8 1 C | 1) E
1 _|CASE RHEINPRUSSEN DEMONSTRATION UNIT 4/17/90
2 _luGo - em/ss 9.5
3 laipha -0.5
4 N 1.6
5 |U 1.677
6 lalpha* -0,6164
7 {T-0C 268
8 |WL% Slurry 18
9 {Vol.% Solids 4.495675838
10 |dR - cm 128
11]L - em 770
12 |{dp - micron 26
13 {thoS - g/em*3 31
14 tmul - poisa 0.021828400
18 {rhol - g/em3 0.66476
16 |sigmal. - dyne/cm 16.5
17 {DA - cm2/s 0.000585877
18 ymuSlurry - polse 0.025164405
19 JrhoSlurry - g/emAa 0.774238061
20 |kLa Correction Facior 0.812175666
21 |REACTORMODEL NMODELL
2 2 jepslionG - Bukur's Model 0.1811655844 0.186080074 0.187454703
23 [kLa - 841 (uncorr) for H 0.631067377 0.649962057 0.655245612
24 kLa - s*-1 (corr) jor H 0.512537667 0.627883367 0.532174541
25 JkH - (s"kgCat/m3)4-1 0.000825334(3,3e*9°exp(-130/RT)
26 lkH- s*-1

0.128957233

No pressure correction

27

kH'epsllonl, - s4-1

0.105585B76

0.104960861

0.104783583

28

He - (kPa cm*3)/mol

19621138.04

29 |ATL/(uGo*He) - 521 18.58019167
30 JkA - 871 0.087556008 0.087546037
3 1 |Stanton No. - target 1.626824149 1.626622151
3 2 |H2 Conversion 0.908448219 0.721400261
33 |Stanton No, - result 1.626820392 1,.626622668
3 4 {Average uG - cr/s 7.275082492 7.733003051
35 {Stanton No. - reaction 1.86019292
36 |StantonM - target 9.80817413
37 |H2 Converslon 0.762648762
38 |n 0.39106324
301y 0.762652398
40 |StantonM - result 0.8071804623

41

Average UG - cm/s

7.632p21432

4 2 |Prossura - kPa 1200
4 3 {Reactor Xsect - m*2 1.306081084
4 4 |Roactor Vol, - m*3 10.06375434
4 5 |Feed Rate - m*3h 446.9875308
46 |Feed Rate - NmA3h 2670.658039
47 ISV - Nm 3(m*3 h) 265.3730208
4 8 {H2+CO Converslon 0.9238428424 0.786138344 0.743619389
4 9 |CO Conversion 0.955081805 0.8017680865 0.758432141
50 |STY - Nm*3/(h*m*3) 248.6036801 208.6206218 197.3371996
§1 |STY - NmA3/(kgCat h)) 2.17783239 1.8301981808 1.742666801

GHSV - NmA3/(kgCat h)

2.325465023

2.330535034

2.343492057

53

Catalyst - kg

1148.430881

1141.533881

1139.6057486

54

Catalyst Loading kg/m*3

114.1184561

113.4202013

113.2386201

% 5 {Reaction Enthalpy - kJ/igmol -CH2- 103.72 183.72 103.72
§6 Jkgmolh of H2+CO Conv (=3° -CH2-) 111.5768076 $3.6604338 88.80324348
57 {Heat Relea.. W 2001.365357 1680.162103 165808.27066
5 8 |rHoat Roloase KWm"3 108.867668 166.9508263 167.8211501
59 [Heat Reloase - Btu/(h 1t"3) 10227.817 16141.88958 15268.84187
8 0 [Mass Transter Rasistance - % 17.08302268 1€.58557614 16.45062482
81 |DL - cm2ss 4670.582428 4742712163 4762.701051
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Table 2.3

muSlurry - poise

0.029347783

rhoSlurry - gicm*3

0.781130083

kl.a Correction Factor

0.809412862

MODEL1

BEACTORMODEL
epsllonG - Deckwer's Model

0.232678909

MODELE |
0.249020396

A B [+] I D E

1_|CASE ‘ MOBIL PILOT PLANT - RUN CT256-11 4/17/90
2 JuGo - cm/s 53

3 |alpha -0.55

4 | 1.5

5 |U 1.7

6 lalpha® -0.504

7 _|T- oG 257 ]
'8 _IW1.% Slurry 19.4

8 |Vol.% Sollds 4.950943164

10 {dR - cm 5.1

11 |L - cm 762

12 {dp - micron 26

13 jrhoS - g/em*3 3.9

14 ImulL - polse 0.02474214

15 Jrhol, - g/em3 0.670865

16 {sigmal - dyna/om 16.5

:; DA - ecm2/s 0.00053011

19

20

21

22

0.252383284

23 |kla - s*-1 (uncorr) for H 0.456542511 0.491634082 0.499246637
24 lkla - 8%-1 (corr) for H 0.369531381 0.308177773 0.404090665
25 |kH - (s’kpCat/ma)*-1 0.000507903(3,3e*8 axp(-130/RT)
28 JkH- s*-1 0.077852607|No_pressure corraction
27 lkH'epsilonL - 41 0.059814679 0.058540818 0.058278672
28 IHe - (kPa cm*3)/mol 20064929.63

29 |[RTL/(uGc He) - §°-1 31.573.3613

30 |KA - s*-1 0.051481561 0.050933116
31 |Stanion No. - target 1,625470047 1.608153867
32 H2 Conversion 0.928058846 0.741965204
33 |Stanton No. - result 1.626473217 1 608159138
3 4 |Average uG - cm/s 3.83772430€ 4,132072431
3 5 {Stanton No. - reaction 1.848358185

3 6 |StantonM - target 12.67180977

37 |H2 Conversion 0.773782283

38 |n 0.418632216

anly 0.77378233

40 (StantonM - result 12.57076878

41 |Average ui - em/s 4.081988308

4 2 |Pressure - kPa 1480

43 [Reactor Xsect - m*2 0.002042821

4 4 |Reactor Vol. - m*3 0.0156566293

415 |Feed Rata - m*ah 0.388770175

4 6 |Feed Rate - Nm*ah 2.931793271

47 {SV - Nm*3/(m*3 h) 188.3424187

4 8 |H2+CO Convarsion 1.003276634 0.835684866 0.801322617
49 {CO Conversion 1.0528211569 0.376053254 0.840894
50 |STY - Nm*3/(h*'m*3) 188.959548 167.3948072 150.92301985
51 |STY - Nm*3/(kgCat h)) 1.604508665 1.365566642 1,316306142
8 2 {GHSV - Nm*3/(kgCat h) 1.500268447 1.634068801 1.64141917
33 |Catalyst - kg 1.833208075 1.704167485 1.786133188
54 |Catalyst Loading kg/m*3 117.7678564 1156.2507775 114.7436439
8 8 {Reaction Enthalpy - kJ/gmol -CH2- 107 187 197
56 kgmol/h of H2+CO Conv (=3" -CH2-) 0.131230467 0.100308140 0.104814488
5 7 !Hoat Release - kW 2.303740924 1.903879848 1.811803826
5 8 |Heat! Reloase - KN/mM*3 163.7771968 128.0805733 122.8226854
59 |Hea! Release - Biu/(h 1*3) 14868.17756 12384.53138 11875.20448
6 0 |Mass Transter Resistance - % 13.03157752 12.8176800875 12.60416168
61 |DL - em2s 50.16757931 59.16801083 51.36807309

17

!



Table 2.4

- A B { T | D E
CASE RHEINPRUSSEN DEMONSTRATION UNIT 4/17/90
uGo - cm/s 8.5
aipha -0.5
1 1.5
U 1.577
aipha® -0.5154
T-0C
268
Wt.9% Slurry 18
Vol.% Solids 4.495575838
dR - cm 129
L - em 770
dp - micron 26
rhoS - g/cm*3 3.1
mul. - poise 0.021828409
rhol. - g/em3 0.66476
sigmal - dyne/cm 16.5
DA - cm2s 0.000585877
muSlurry - poise 0.025154495
thoSiurry - g/em*3 0.774238061
kLa Correction Factor 0.812175666
= MODEL 3

epsilonG - Bukur's Model

0.181512866

0.186368504

0.187749682

kLa - s*-1 (uncorr) for H

0.63243558

0.651185634

0.656379908

kla - s*-1 {corm) for H

0.513648787

0.528877126

0.533095789

kH - (s*kgCat/m3)*-1

0.000825334

3.3e*8exp(-130/RT)

KH- s*-1

0.12346715

With pressure correctiori

kH'epsilonL - g*-1

0.101056274

0.100453058

0.100286232

He - (kPa cm*3ymol

19621139.04

RTL/(uGo*He) - 521

18.56010167

KA - B*-1

0.084442826

0.084407461

Stanton No. - target

1.568963808

1,668306787

H2 Conversion

0.897680696

0.712517738

Stanton No. - result

1.568963868

1.568300863

Average uG - cm/s

7.301608574

7.755640608

Stanton No. - /eaction

1.866437076

NUQUGUQQNNNMMMNNNM-‘.a.n.g.a......n-e-an ~
~Slolalalelslwjolojel~lanlnlsjwlviiololelvlolajalwin]a o] IR [N {2 @]

StantonM - target

9.826638367

H2 Conversion

0.763114877

38 in 0.403504027
38 |v 0.753118127
4 0 [StantonM - result 0.825671377
4 1 {Average uG - em/s — 7.656261815
4 2 |Pressure - kPa 1200
4 3 |Reuctor Xsect - m*2 1.306981084
4 4 |Roactor Vol. - m*3 10.06375434
4 5 |Feed Rate - m*ah 445.0875306
4 6 |Feed Rale - Nm*2h 2670.858039
47 ISV - NmA3(m*3 h) 265.3730208
4 8 |H2+CO Conversion 0.925638405 0.776310815 0.734453285
4 9 |CO Cunvarsion 0.844077032 0.701774774 0.745003649
50 |STY - Nm*3/(h*m*3) 245.6403251 206.0126517 104.9074082
$1STY - Nm*3/(kgCat h)) 2.15347971 1.81691748 1.721834615
5 2 JGHSV - Nm*3/(kgCat h) 2.326480285 2.340450687 2.344344027
$ 3 [Catalyst - kg 1147.930253 1141.08708 1130.102034
S 4 iCatalyst Loading kg/m*3 114.0667005 113.3858241 113.19752
8 5 |Reaction Enthaipy - kJ/gmoi -CH2- 193.72 193.72 193.72
5 6 [kgmolh of H2+CO Conv («3° -CH2-) 110.2910631 92.48847053 87.561228143
5 7 {.{eat Releass - kW 1978.2094884 18650.148492 1550.711033
5 8 'Heat Release - KWm"3 196.5762208 164.863771 155.0766842
5 9 |Heat Releasze - Bu/(h f1*3) 16006.26587 15840.000953 15080.83828
6 0 |Mass Transter ResiSance - % 16.43070834 15.06180057 15.83345103
619 |DL - cm2s 4875.840085 4747.348158 4766.982238
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Table 2.5

A B | C ] D E
1_|CASE : MOBIL PILOT PLANT - RUN CT256-11 4/18/80
2 juGo - cms 5.3
3 jalpha -0.55
4 |l 1.5
g (U 1.7
6 Jalpha® -0.594
7 T -0oC 2587
8 |Wt.% Slurry 19.4
9 |Vol.% Solids 4.050043164
10 |dR - cm 5.1
11JL-cm 762
12 |dp - micron 26
13 jrhoS - g/em*3 3.1
14 I[muL - poise 0.02474214
15 |rhol - g/em3 0.670865
16 jsigmal - dyne/cm 16.5
17 |DA - cm2/s 0.00053911
13 jmuSiurry - poise 0.020347783
19 {rhoSlurry - g/em*3 0.791130003
20 |kLa Corraection Factor 0.800412862
21 | BEACTOR MODEL, MODELT
2 2 |epsilonG - Deckwar's Model 0.236757506 0.252744191] ___ 0.255830759
23 |kLa - s*-1 (uncotr) for H 0.465353124 0.500032005 0.506971136
24 |kLa - s*-1 (corr) tor H 0.376662804 0.404732336 0.410348958
25 JkH - (s"kgCat/m3)--1 0.000507903{3.3e*8"exp(-130/RT)
26 |kH- 51 0.067204155|With pressure correction
27 {kH'gpsilonL - s*-1 0.051293067

0.050218695

0.050004545

»n
(-]

He - (kPa cm*3)/mol

20064929.63

RTL/(uGo*He) - sA-1

31.57383613

[~ 11]
(=21 -]

KA - 8°-1

0.045145287

0.044572048

w
-

Stanton No. - target

1.425408884

1.407338966

3 2 |H2 Conversion 0.88013958 0.708443642
3 3 |Stanton No. - result 1.425412028 1.407342177
34 |Average uG - cm/s 3.888831287 4.184838864
3 § |Stanton No. - reaction 1.585566862
36 |StantonM - target 12.77805246
37 jH2 Conversion 0.7386552982

381n 0.465788625
30 1Y 0.738553086
4 0 |StantonM - resuli 12.77769651
4 1 jAverage uG - cm/s 4.137443751
4 2 |Pressure - kPa 1480
4 3 IRaactor Xsect - m*2 0.002042821
4 4 |Reactor Vol. - m*3 0.015566283
4 5 (Feed Rats - m*"ah 0.380770175
4 6 |Feod Rato - Nm*3h 2.931793271
47 ISV - Nm*3/(m*3 h) 188.3424167
4 8 {H2+CO Conversion 0.861350746 0.79783722 0.765118133
4 9 |CO Conversion 1.008824857 0.837026713 0.802902764
50 ISTY - Nm*3/(h*m*3) 181.0831220 150.22089218 144.1043866

(4]
-

STY - Nm*3/(kgCat h))

1.545673745

1.300889364

1.261868835

5 2 |GHSV - Nm*3/(kgCat h) 1.607814570 1.642211938 1.64824491
5 3 ICatalyst - kg 1.823464789 1.7852709585 1.777657817
5 4 |Catalyst Loading kg/m*3 117.1418765 114.6882522 114.1891803
§ 5 |Reaction Enthalpy - kJ/gmol -CH2- 197 107 107

56 |kgmolh of H2+CO Conv (=3" -CH2-) 0.125746482 0.104232446 0.100078018
$ 7 |Heat Release - kW 2.283708978 1.803101081 1.8255156434
5 8 |Heat Releass - kW/m*3 147.3510075 122.2578218 117.2736127
5 9 |Heat Relsase - Bw/(h 1t*3) 14246.85187 11820.67978 11338.77411
6 0 [Mass Transter Resistance - % 11.98550725 11.0382638 10.86220579
81 0L - em2ks 50.42182495 51.38943120 51.67707814
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3.0 FIXED-BED REACTOR DESIGN
3.1  Types of Fixed-Bed Reactors

A number of fixed-bed designs are in commercial use in methanol plants, but the two in
most common use are the recycle-gas-quenched design of ICI and the tubular-fixed-bed
reactor of Lurgi with steam generation. Topsoe, Mitsubishi and Kellogg have developed
multi-bed designs with intercooling and Mitsubishi has also announced a fluidized-bed
design. In each case, the objective is to remove heat efficiently and the tubular-fixed-bed
and fluidized-bed designs do this most effectively at the expense of appreciably more
expensive reactors. A sketch of the tubular fixed-bed ARGE reactors used at Sasol, South

Africa, ‘s shown in Figure 3.14-

The tubular-fixed-bed reactor has been chosen for comparison with the slurry reactor

because it is the most comparable in terms of energy efficiency. In addition, this reactor is

somewhat more flexible in terms of recycle to fresh feed ratio than other designs which

remove the heat of reaction as sensible heat. The methanol reactor, being equilibrium

limited, requires a recycle to fresh feed ratio in the range of 2 to 4. The Fischer-Tropsch

;cacpbc;n is not 5o limited and theoretically, at least, very high single pass conversions are
casible.

3.2 Fixed-Bed Reactor Design Principles

The design of a tubular-fixed-bed F-T reactor requires a careful balance between
9on\;cr§on, pressure drop and heat transfer. It is useful to review the design principles
involved:

3.2.1 Heat Transfer

The heat transfer coefficient for an empty tube is obtained from the Nusselt type equation:
hD/k = 0.023-(DG/p)08-(c/k)13

where h is the heat transfer coefficient, Btu/(h.ft2-°F), D is the tube internal diameter, ft, k
is the thermal conductivity, Btu/(h-fi2-°F/ft), c is the heat capacity of the fluid, Btu/(1b-°F),
i is the viscosity, Ib/(b-ft) and G is the superficial mass velocity, 1b/(h-ft2).

For packed tubes Colburn [IEC 23, 910 (1931)] related the heat ransfer coefficient to that

of the empty tube times a factor which depends on the ratio of packing diameter to tube
diameter, d/D:

dD 0.05 0.10 0.20 0.30
h/h(empty) 5.5 7.0 1.5 6.6

The range of interest is 0.05 to 0.10 where the heat transfer coefficient is increasing.

4 From the Encyclopedie of Chemical Technology, 2nd Edition

20

ol



iyl

3.2.2 Pressure Drop
The pressure drop in a packed-bed is given by the modified Ergun equation:

AP/L = £-C-G2/(pd)

where d is the effective particle diameter, ft, f is a friction factor dependent on the modified
Reynolds Number, dG/u, C is the pressure drop coefficient in ft-hr2/in2: p is the fluid

density, 1b/ft3 and AP/L is the pressure drop in psi/ft. Linde Bulletin F-2932 gives the

value of C at a typical bed void fraction of 0.37 as 3.6-10- 10, At modified Reynold's
Numbers above 500, which is typical, the friction factor, f, varies between 1.1 and 1.0.

3.2.3 Conversion

The conversion-space velocity relationship for a fixed-bed Fischer-Tropsch reactor is
reviewed in Appendix C. Basically, the relationship is equivalent to that of a slurry reactor
when space velocity is expressed per unit weight of catalyst, temperature is identical and
mass transfer is not limiting the conversion.

3.2.4 Operating Variables

Operating varigblcs at the disposal of the designer are tube diameter, particle diameter,
pressure level, inerts level and conversion.These are, of course, interrelated. From a heat
transfer standpoint, it is essential to maximize mass velocity within the limits imposed by

pressure drop. Pressure drop can be minimized by increasing pressure level (increasing p)
or by using larger diameter particles. Up to a limit, larger particles also improve heat
transfer. There is a tradeoff on particle size, however, since intraparticle diffusion
decreases the effectiveness of the catalyst.

Superficial velocity is a secondary variable in fixed-bed reactor design but is significant
since pressure drop is proportional to mass velocity times superficial velocity. In general
superficial velocities of 3 to 5 times those in a slurry reactor can be tolerated. This ratio
increases as pressure is raised.

Tube diameter is important since smaller diameter tubes improve the ratio of heat transfer
area to reaction volume without materially affecting the heat transfer coefficient unless the
ratio of tube diameter to particle diameter gets oo small. Also, for good gas distribution the
ratio of tube diameter to particle diameter should be kept over 10. A typical choice might be
1/8" particles in a 1.25" tube.

The remaining variables are conversion per pass and the inerts level, which control the
external recycle to fresh feed ratio and the ultimate conversion. Heat evolution in a given
size reactor is proportional to the space time yield (STY) which is the product of volumetric
space velocity and conversion. STY increases as conversion is lowered, but eventually
lines out as recycle ratio becomes very large (see Appendix D). In low conversion per
pass, high recycle ratio designs, high mass velocities are empioyed without a
corresponding increase in heat evolution. The high mass velocity is conducive to improved
heat transfer and if a temperature rise is allowed, sensible heat effects reduce the heat
removal requircment. A low level of inerts is also very significant in this type of operation
since it permits high ultimate conversion to be achieved without excessive buildup of inerts

in the recycle gas.
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3.3 Comparison with the Slurry Reactor

Some of the differences between a slurry reactor and a fixed-bed reactor have been pointed
out elsewhere, but a review may be helpful at this point:

A primary difference is the preferred conversion level. The slurry reactor, because of its
superficial velocity limitation, fits best into the high conversion end of the scale where
the recycle to fresh feed ratio is low, the only limitation being that due to backmixing.
The fixed-bed reactor of the quenched or intercooled variety requires a high recycle ratio
to limit the temperature rise, but even the externally cooled, tubular design requires a
high mass velocity to achieve good heat transfer characteristics. A recycle to fresh feed
ratio of at least 2 is preferred with pressure drop being the limiting factor.

Cooling surface requirement in a slurry reactor is less than a quarter that in a tubular
fixed-bed reactor. This is partially because the heat transfer filin coefficient is improved

but also because a higher AT is permissible between reactants and coolant. In the tubular
fixed-bed reactor, hydrogen content of the gas improves the heat transfer coefficient

significantly, another reason why that reactor may not be a good choice for very low
Hy/CO ratio gases.

Increasing pressure level has significant advantages for either type of reactor, regardless
of its effect on kinetics or equilibrium. At lower pressure, more slurry reactors are
required because of the superficial velocity limitation. In the fixed-bed case, the
limitation on superficial velocity is pressure drop. The higher the pressure level, the
hxghqr the permissible superficial velocity, so there is a double advantage. A high mass
velocity is required for good heat transfer and this can more readily be achieved at high
pressure. Higher pressure will permit a higher recycle ratio to be used without causing
an increase in compressor horsepower. In either case, the vessel must be designed for
the higher pressure but in the fixed-bed case the shell thickness is set by steam pressure
rather than reaction pressure so there is less of an effect on cost.

Finally, in the fixed-bed reactor more catalyst can be loaded into a given volume. Since
space velocity is normally expressed per unit weight of catalyst, this represents a
significant potential advantage Since the fixed-bed reactor runs at lower conversion,
space velocity would be expected to be higher as well. On the other hand, in F-T

synthesis for distillate production, the slurry reactor is run at about 260 °C and, with
catalyst addition, activity stays constant throughout the run. The fixed-bed reactor starts

out at about 200 - 225 °C and temperature is gradvally increased as activity declines.
This temperature difference compensates for other effects and reaction volume
requirements are actually somewhat less for the slurry reactor.

Some of these considerations are treated more fully in Appendix D.
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Figure 3.1
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4,0 PROCESS AND REACTOR DESIGN BASESS

This section discusses some of the key process design issues and provides overall block flow
diagrams for the F-T and methanol cases. Reactor design bases are then defined. The fairest
comparison is obtained when the maximum size reactor is used in each case. A 4.8 meter shell
diameter was fixed as the maximum practical dimension,

Since the study is aimed at defining differences between the slurry reactor and the fixed-bed
reactor, only those sections of the overall facility which are materially affected by the choice of
reactor are included in the evaluation. |

4.1  Methanol

There is much activity at the present time in the development of new methanol plant concepts. Low
temperature designs have been proposed using soluble catalyst in a bubble column. Designs have
been developed which use adsorbents or solvents to remove the product from the gas phase and
increase conversion. A recent paper (J. B. Hansen, Haldor Topsoe, AIChE Spring National
Meeting, Orlando, March 20, 1990) describes a high conversion, once-through, tubular, fixed-bed
design in which operating conditions are such that the product condenses in the reactor. There have
also been advances in feed gas preparation for conventonal methanol plants. Both Davy McKee
and Lurgi have designs which produce a stoichiometric or close-to-stoichiometric synthesis gas
from natural gas. ICI is also working on this. For coal-based plants, synthesis gas may be
produced from new, high efficiency coal gasifiers, but extensive shifting and CO2 removal are
required to produce a stoichiometric gas. '

More to the point, Chem Systems have developed a slurry reactor design in which the catalyst is
held in suspension in a heavy hydrocarbon oil. This has been proposed primarily for low
conversion operation on as-produced, coal-derived synthesis gas, producing as much methanol as
possible once-through and coproducing power from the tail gas. Air Products has piloted this
design in a 2' diameter reactor at La Porte, Texas. While a similar type of operation may be
possible in a fixed-bed reactor, the slurry reactor should give superior heat transfer characteristics
with either internal cooling coils or with an external loop cooler. The use of a fixed-bed reactor for
this application would be developmental and the necessary data are lacking for design. The
comparison of once-through methanol/power coproduction, in a slurry reactor, with conventional
high yield methanol production, in a fixed-bed reactor, has been the subject of other studies and
introduces complications which are not pertinent to a one-for-one comparison of reactor designs.

It is possible to design a slurry reactor for high conversions to methanol using a stoichiometric
synthesis gas. This may not be the optimum application for the slurry methznol reactor but this
case does provide a one-for-one comparison of the slurry reactor with the fixed-bed reactor under
normal synthesis conditions. This is the case selected for study.

4.1.1 Process Design.

The block flow diagram and overall material balance for the coal based methanol plant is shown in
Figure 4.1. The Texaco gasifier has been selected for the methanol application since it permits
synthesis gas to be gencrated at 5,600 kPa (55 atmospheres), sufficient to supply the fixed-bed
reactor without further gas compression. An oxygen concentration of 99.5% is used since it gives

5 Changes to Topical Report Sections 4 and 5 are shown in italics.
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a synthesis gas with very low inerts. This is beneficial in a recycle methanol operation. The gas is
adjusted in composition by shift and CO; removal such that the ratio:

Hz‘ 002

CO + CO2

= 2,05

and the CO content is 3%. The steam content of the gas from the Texaco gasifier, after quenching,
can be used effectively in the water gas shift reactor. The Rectisol Process is used for removal of
CO,, HaS and other impurities. Processing closely follows that used in EPRI Report AP- 1962.

It turns out that, with the selected 4.8 m shell diameter, capacities are virtually identical for a fixed-
bed reactor operating at 5600 kPa and 4.0 recycle to fresh-feed (R/FF) ratio and a slurry reactor
operating at 10,000 kPa with a R/FF ratio of 2.2.

Only the methanol synthesis loop changes between cases. In addition to the differences in pressure
and recycle ratio, there are differences resulting from slurry ol volatilization and recovery and
catalyst makeup provisions in the slurry reactor case. The assumption is made that reactor
configuration does not affect product distribution, so downstream product recovery facilities (after
depressuring) are unchanged.

4.1.2 Reactor Design.

Design qf the fixed bed methanol reactor is confidential to Lurgi who have requested that only
overall dimensions and capacity be released publicly. The reactor has a shell diameter (ID) of 4.8
meters (15.75 ft) and a tangent-to-tangent length of 7.77 meters (25.5 fi). Total weight of catalyst
provided is 78200 kg and the GHSV is 9.07 Nm3 /(h -kg Cat). Since a stoichiometric gas is used
and the feed gas inerts are low, the reactor can be designed for a total pressure of 5600 kPa.
Pms)sure drop is 25 psi (175 kPa) with a RIFF ratio of 4.06. Steam production is at 4100 kPa (40
atm).

The slurry reactor design is based on information developed by Air Products for the design of the
internally-cooled La Porte pilot plant reactor (final report on DOE Contract DE-AC22-
85PC80007), and on operating results from that reactor (Studer, et al, EPRI 14th Annual
Conference on Fuel Science and Conversion, Palo Alto, May 18-19, 1989)). Cognizance has been
taken of some stoichiometric-gas, high-conversion designs prepared by Chem Systems for an
ongoing Bechtel study of IGCC power/methanol coproduction, but the design parameters have
been independently established for this study, particularly the design heat flux. Reactor design
variables are summarized in Table 4.1. Capacity at 0.15 m/s superficial velocity is 1685 short tons.
per day (STPD) of methanol. At 0.146 m/s superficial velocity used for design, capacity is the
same as a fixed-bed reactor of the same diameter which is 1640 STPD.

At the high design pressure (10,000 kPa), quite high conversions are theoretically possible and the
R/FF ratio can be lowered, as indicated, to about 2.2. This combination of factors maximizes
reactor throughput.

Air Products reports that the slurry methanol reactor can be designed to the same approach to

equilibrium as a fixed-bed reactor at the same space velocity (30 °F and 9.07 Nm3/(h-kgCat) in this
study). Since the resulting CO conversion per pass is 88%, an allowance has been made for

backmixing effects and the design approach is 45 OF giving a CO conversion of 83.6% at a GHSV
of 8.7 Nm3!(h-kgCat). Ultimate conversion is now virtually identical 2o the fixed-bed case. The

6 Information from Lurgi; Bechtel had originally used R/FF = 3.0.
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resulting slurry bed height requirement of 12.6 meters is based on the bottom head volume being
15% effective for mass transfer and reaction. A total of 1245 cooling tubes are required. Methanol
productivity (or STY), at 1.19 kg/(h-kg), is somewhat higher than in the fixed-bed reactor, at
0.794 kgl(h-kg), due to differences in conversion level, A more detailed analysis of backmixing
might lead to a lower design GHSV than this. If so, the slurry eactor would be somewhat taller,
productivity would be lower and fewer cooling tubes would be required.

Based on Air Products' recommendation, catalyst makeup requirement for the slurry reactor has
been set equal to that for a fixed-bed reactor, The resulting makeup rate of 0.2% per day is roughly
equivalent to total replacement every 18 months, which typically is the guavanteed life of a fixed-
bed catalyst (replacement every 3 years is, however, not uncommon). At this low makeup rate,
catalyst carryover will probably account for most of the required withdrawal but a separate catalyst
withdrawal system is provided to allow for dumping a load of catalyst and recovering the liquid for
reuse. Conventional materials of construction are used in both reactors since carbonyl poisoning of
the catalyst should not occur with a stoichiometric feed gas. Overall yield in kg of methanol per kg
of catalyst consumed is 9300 for the fixed-bed case and 13900 for the slurry reactor case.
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Table 4.1

SLURRY METHANOL REACTOR

DIMENSIONS Design Case

Diameter, m 4.8
Straight Length of Bed, m 12.60
Xsect, m2 18.10
Head Vol, m3 28.95
Head Volume Effectivaness - % 15.00
Tube OD, mm 38.1
Tube ID, mm 34
Tube Langth, m 12.10
No. of tubes 1245
Tube Area (OD), m2/tube . 1.448
Tube Xsect (OD), m2Aube 0.001140
Tube Area (ID), m2/tube 0.000908
Net Xsact of Reactor, m2 16.68
Total Tube Area - m2 (OD) 1803.4
Reaction Volume, m3 214.44
CONDITIONS

Feed Gas Temp., oC 150
Operating Temp, oC 250
Operating Pressure, atm 99
Slurry Concentration, wt% 35
Gas Holdup, % 25
Liquid Density, kg/m3 675
Particle Density, kg/m3 3000
Slurry Density, kg/m3 926.2
Catalyst Loading, kg/m3 2431

Catalyst Weight, kg 52138.6
FF - kgmph 6324.3
TF - kgmph 20237.6
TF - m3/h 8777.7
TF - Nm3/h 453606
R/FF Ratio 2.20
MW of TF 8.72
MW of Effluent 11.98
cCO2in TF 2.808
CO2 Conversion per pass, % 30.02
COInTF, % 10.434
CO Convarsion per pass, % 83.64
Methano! Production, MTPD 1487.8
Heat Duty, MW 34.1
Inlet Superficial Velacity, m/s 0.146
GHSV, Nm3/h kgCat 8.70
Mass Velocity, kg/h m2 196649
Space Velocity, Nm3/h m3 2115
STY - kg Methanal/(h kgCat) 1.1898
STY - kg Methanol/(h m3) 289
Heat Flux, kW/m2 18.912
Total Cooling Surface, m2 1803.4



4.2 Mixed Alcohols

The Lurgi Octamix process has been selected for the base case mixed alcohols process and Lurgi
has provided the process design including a process flow diagram and equipment list, The data
available to define the slurry reactor system for this application are very limited so only the reactors
are sized. Relative costs may be compared by analogy with the methanol or Fischer-Tropsch

systems. It is assumed that GHSV (in Nm3/(h‘kg Cat) and pressure level are identical regardless
of which type of reactor is employed.

4.2.1 Process Design Basis

The overall block flow diagram is similar to that for methanol, the primary difference being that the
synt}gcmg gas has a 1.1 Hy/CO ratio and a CO content of only 1.0%. Only a small amount of
shifting is required and, while less CO2 must be scrubbed out, a higher level of removal is
achieved. The Rectisol unit employed for this purpose is integrated with that required for CO2
removal from the gas recycled back to the synthesis reactor, Product recovery is somewhat more
complicated than in a fuel grade methanol plant because of the higher alcohols in the product.

The synthesis loop is also more complicated since liquid methanol is recycled back to the reactor
from the stabilizer reflux drum. Provisions may also be required for recovering heavier
components of the product from the slurry oil. The assum tion is made that syntheses gas
preparation, the synthesis loop and product recovery are identical regardless of reactor selection.

4.2.2 Reactor Design.

Lurgi hz}s given the capacity of the same tubular fixed-bed reactor used for 1640 STPD of methanol
production as 460 STPD of mixed alcohols. The reactor is now designed for 10100 kPa rather than
5600 kPa operating pressure used for methanol. The primary =ffect is to increase the thickness of
the heads and the tube sheets.

The slurry reactor design and sizing basis is summarized in Table 4.2. At the design GHSV of 2.7
Nm3/(h-kg Cat), a slurry reactor designed for 0.15 m/s superficial velocity would have a slurry
height of roughly 42.7 meters which is unrealistic. The superficial velocity is, therefore, reduced to
0.067 m/s, which should still be adequate to achieve the required agitation for heat and mass
transfer. The slurry height is then reduced to 17.8 meters and the capacity is 460 STPD.

The heat release indicated by Lurgi in their fixed-bed design is about 50% higher per unit weight of
product than in the methanol reactor. The same heat release has been used in the slurry reactor
design. The design heat flux and gas holdup are reduced, at the lower superficial velocity, to 5,000

Btw/h x fi2 x °F (15.76 kW/m?) and 20%, respectively.

Since the reaction to mixed alcohols is controlled more by kinetics than equilibrium, the slurry
reactor may benefit by a higher average temperature level, increasing the allowable space velocity.
If the space velocity could be increased by 2.4 times, then it would be possible to double the
capacity of the slurry reactor without increasing height, increasing the superficial velocity along
with the space velocity. It is important, therefore, to obtain the kinetic data on which to base a valid
design.

29



Al

SLURRY OCTAMIX REACTOR

DIMENSIONS

Diameter, m 4.8
Straight Length of Bed, m 17.77
Xsect, m2 18.10
Head Vol, m3 28.95
Head Volume Effectiveness - % 15.00
Tube OD, mm 38.1
Tube ID, mm 34
Tube Length, m 17.27
No. of tubes 581
Tube Area (OD), m2/tube 2.067
Tube Xsect (OD), m2/tube 0.001140
Tube Area (ID), m2/tube 0.000908
Net Xsect of Reactor, m2 17.43
Total Tube Area - m2 (OD) 1199.8
Reaction Volume, m3 314.07
CONDITIONS

Feed Gas Temp., oC 200
Operating Temp, oC 245
Operating Pressure, atm 99
Slurry Concentration, wt% 35
Gas Holdup, % 20
Liquid Density, kg/m3 675
Particle Density, kg/m3 3000
Slurry Density, kg/m3 926.2
Catalyst Loading, kg/m3 259.3
Catalyst Weight, kg 81453.0
FF - kgmph 2322.3
TF - kgmph 9811.9
TF - m3/h 42151
TF - Nm3/h 219923
R/FF Ratio 3.225
MW of TF 22.90
MW of Effluent 26.57
CO2in TF 0.96
COINTF, % 62.49
CO Convaersion per pass, % 16.2
Alcohols Production, MTPD 417.5
Heat Duty, MW 18.9
Inlet Superficial Velocity, m/s 0.0672
GHSV, Nm3/h kgCat 2.7
Mass Velocity, kg/h m2 224706
Space Velocity, Nm3/h m3 700
STY - kg Alcohols/(h kgCat) 214
STY - kg Alcohois/(h m3) 55
Heat Flux, kW/m2 15.76
Tote! Cooling Surtace, m2 1199.8

Table 4.2

Design Case Mux. Sup. Vel.

30

4.8
42.87
18.10
28.95
15.00

38.1

34

42.17
446
5.048
0.001140
0.000908
17.59
2252.7
754.80

200
245
99
35
25
675
3000
926.2
2431
183520.3
5232.4
22106.9
9496.9
495505
3.225
22.90
26.57
0.96
62.49
16.2
940.6
42.6
0.150
2.7
506282
656
214
52
18.912
2252.7



4.3  Fischer-Tropsch

A modern coal gasifier of the Texaco or Dow design produces a synthesis gas with a
Hp/CO ratio of about 0.75, the Shell gasifier produces somethingyul;dcr Og Hy/CO ratio, A
0.667 ratio is stoichiometric for the F-T reaction, without steam addition, where the catalyst

has high water gas shift activity. Iron based catalysts have this activity. The reactions
involved are:

2H) + CO — -CHz- +H20 (1)
H20 +CO & Ha+CO2 ()

giving the overall reaction:
H2 +2CO — -CH2-+CQO2 3)

Because equilibriurn in reaction 2 heavily favors CO; production at F-T conditions,
reaction 3 predominates over reaction 1.

Since the fixed-bed reactor is not applicable to low Hp/CQO ratio operation, this study evaluates
fixed-bed operation at a 2 to 1 ratio versus slurry bubble column operation at the low ratio out of a
Shell gasifier. Because of the hydrogen deficiency in the as-produced gas, steam is added to
conform with stoichiometry. The two processing schemes are quite different between the gasifier
and the downstream processing units.

The Shell gasifier is believed to be the optimum choice in the case of the slurry reactor, which s
capable of handling a very low Hp/CO ratio gas, The low oxygen requirement is a very definite
advantage for this gasifier. It was considered appropriate to use the same gasifier for the fixed-bed
case, leaving it to other studies to examine the difference between gasifiers. The Shell gas requires
more shifting to achieve a 2.0 Hy/CO ratio but CO2 removal requirements are virtually identical
when compared to other gasifiers. The low inerts content resulting from the use of 99.5% oxygen
gnd. the CO;, carrier gas favors the fixed-bed reactor because of the higher recycle ratio used in that
esign. :

After consultation with catalyst experts, it was decided to go "generic" in terms of catalyst
requirements and product distribution. In actual practice, fused or precipitated iron catalysts seem
most appropriate for the slurry reactor, where high WGS activity is required, and cobalt type
catalysts for fixed-bed synthesis where low WGS activity is needed. Some differences in product
distribution can be expected when iron vs cobalt catalysts are compared, but it was decided that to
identify such differences would confound the main purpose of the study. An attempt was made to
rationalize space velocity requirements so that reactor sizing is not dependent on the particular
catalyst chosen. This is described elsewhere in this report.

Basis for design is a plant which uses the gas produced from 7500 T/D of coal in three Shell
gasifiers at 2500 TPD each. In either case, the plant produces roughly 20,000 BPSD of liquid
distillates under conditions where the Schultz-Flory chain-growth probability factor is about 0.9.
The detailed product distribution is given in Mobil's final report under DOE Contract DE-AC22-
83PC60019 (October 1985). The only difference identified between cases was a higher degree of
olefinicity at the lower H/CO ratio. There should also be much lower oxygenates production if a
cobalt catalyst is used, but this has not been factored into the design. For the slurry reactor case,
steamn was added to the feed gas to compensate for the deficiency in product water and a close
approach to WGS equilibrium was assumed. For the fixed bed reactor, an 8% yield of CO2 on CO
converted was assumed - a compromise between cobalt and iron based catalysts.
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A catalyst makeup rate of 1.67% per day was used for the slurry reactor case, this being the level
used by MITRE based on their review of the available design information. This corresponds to a
catalyst life of 60 days without replacement. Sixty days is not a reasonable catalyst life for a fixed-
bed system and it is believed that Shell expects to get over a year life in their Malaysian unit using a
cobalt based catalyst. Catalyst life in a fixed-bed system is amenable to study by varying the
operating cost and does not materially impact capital cost.

4.3.1 Process Design Basis.

The overall Block Flow Diagram for the sturry reactor Fischer-Tropsch case is given in Figure 4.2.
The material balance is given in Table 4.3 which is keyed into Figure 4.2 by mcgalns of strefmgre

numbers. Plants for which process flow diagrams and equipment lists will be provided are shaded
in the diagram.

While the design follows that developed by MITRE ( Gray, et al, Sandia Report WP89W00144-
1), there are some key differences. Both designs use Shell gasification of coal with CO2 carrier gas
to prepare synthesis gas. The Shell gasifier package includes a waste heat boiler and a scrubber for
carbon removal. The gasifier product gas is subjected to COS/HCN hydrolysis, cooling and
condensation of sour water. Bechtel's design elimir.ates the water-gas-shift step entirely. The gas
is compressed such that the F-T synthesis pressure is 3050 kPa (440 psia). The Selexol process is
used for selective H2S removal and, finally, zinc oxide beds are used for sulfur polishing. The gas
is then sent to the Fischer-Tropsch reactor after combining with a small amount of recycle gas.
Since the gas is below stoichiometric Hp/CO ratio, steam is added to the recycle gas to supplement
;hc d\rwoatcr produced by reaction 1, shifting additional CO to produce the required amount of
ydrogen.

As described elsewhere in this report, conversion per pass is 80% in the F-T reactor, rather than
the 90% conversion used by MITRE. This permits significant reduction in the number of F-T
reactors at the expense of doubling the small amount of recycle gas. It was not found effective to
carry out a partial oxidation of the recycle gas to convert hydrocarbon byproducts to synthesis gas.
The gas is recycled after product separation, CO2 removal, cryogenic hydrocarbon recovery and
recovery of enough hydrogen to treat the liquid product. A small purge is taken for inerts removal.

Product upgrading follows the sequence defined by MITRE and includes wax hydrocracking,
distillate hydrotreating, catalytic polymerization of C3/C4's, heavy poly gasoline hydrotreating,
isomerization of the C5/C6's and catalytic reforming of the naphtha from wax hydrocracking and
middle distillate hydrotreating, and alkylation of cat poly olefins with isobutane from the cat
reformer. MITRE shows "alcohols recovery” from the small amount of product water. Actually,
there are other oxygenates present than just alcohols. This step has not been further defined but
should be a minor part of the overall plant cost.
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The BFD for the fixed-bed case is given in Figure 4.3 which differs from Figure 4.2 only in the
location of some steam additions and the addition of a water gas shift step. The material balance is
given in Table 4.4. In this case, extensive shifting and CO; removal are required ahead of the F-T
converters. A selective Rectiso! unit is used for CO; and HyS removal in this case. This was
chosen over Selexol since the latter would have required a double COS hydrolysis and CO,
removal sequence to achieve adequate COS removal. A zinc guard bed is again employed for
polishing.

The fixed-bed converters operate at 37% CO conversion per pass and 97% ultirnate conversion
with a 2.3 recycle to fresh feed feed ratio. Tiiis high level of conversions is only possible because
of the very low inerts level (0.4%) in the syntheses gas.

'Iﬂgimcyclc loop and product recovery are similar to that provided for the slurry reactor case except

. Much less CO» is removed from the recycle gas,

. Less hydrogen recovery is required to supply the treating units, and

. Considerably more water must be handled.
The question of oxygenates recovery from the product water is not addressed in this study. It could
be more of a problem in the fixed-bed than in the slurry reactor case because of the larger quantity
of water to be handled. On the other hand, if a cobalt based catalyst is used, oxygenates production

could be so low that only a biotreatment step is required on the product water before its reuse as a
utility.
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4.3.3 Reactor Design,

The design principles for both slurry and fixed-bed Fischer-Tropsch reactors are the subject of

other sections of this report. In the following discussion, these principles (kinetics, heat, and mass

g:;xsfcr, hydraulics and batch-mixing effects) are translated into specific designs for the two F-T
es.

Table 4.5, for the slurry reactor, follows the same format as Tables 2.1 through 2.5 but uses
operating variables specific to the proposed process design to establish the slurry bed height
requirement for the three simplified reaction models. A bed height of 12.22 meters is required to
provide the design 80% CO conversion using Model 2, the model proposed for the commercial
reactor. In this calculation, the reactor is treated as cylindrical, the head volume and the volume
occupied by the cooling tubes being neglected. As long as the cooling tubes occupy the entire
slurry bed height, and the bottom head is assumed ineffective for reaction, the bed height
calculation in Table 4.5 is still valid. The cooling tubes simply reduce the effective diameter of the
vessel. Capacity is reduced but the bed height / space velocity relationship is unchanged.

Table 4.6, following the format of Tables 4.1 and 4.2 for methanol and mixed alcohols, uses the
design GHSV from Table 4.5 but assumes the bottom head volume is 15% effective and allows for
the reactor volume occupied by the cooling tubes.The straight length of bed in Table 4.6 is the
height of the slurry-gas interface above the bottom tangent line of the reactor. The tube length is
that active for heat transfer and is equal to the bed length. Design heat flux is 18.9 kW/m2 [6,000
Btu/(h-ft2)]. The right hand column shows the maximum capacity at 0.15 m/s superficial velocity
and under these circumstances the required bed height is 13.16 meters. The middle column is at
1/6th the flow given in Table 4.3 for the design material balance. Superficial velocity is 0.136 m/s
and the required bed height is 11.69 meters. It is noted that 2481 tubes are required in a 4.8 m
diameter reactor. These are 38.1 mm in diameter (1.5 ") and reduce the effective cross sectional
arza of the reactor to 84% of that for the empty vessel.

Because of the large number of cooling tubes required, an alternate design with an external
pumparound cooling loop becomes worthy of consideration. The left hand column of Table
4.6 shows that in this case the number of reactors can be decreased 1o 5 and the required
bed length is 11.91 meters.

Table 4.7 presents an analysis of fixed-bed F-T reactor design. Table 4.8 repeats the same data in
metric units for comparison with the slurry reactor. Pressure drop and average heat transfer
characteristics are shown in Table 4.7 for two design cases requiring 8 reactors and 7 reactors,
respectively, to handle the flow shown in Table 4.4. These designs are compared with similar
calculations for the ARGE reactors (based on information given in the Encyclopedia of Chemical
Technology, 2nd Edition, Vol. 4). Design space velocity is roughly the same at 1920 Nm3/(h-m3),
though the per pass conversion has been increased from 26% to 37%. This increased is justified by

]

the analysis given in Appendix C. Part of the effect is due to the higher pressure level and part is an
assumed higher catalyst activity. The same catalyst bulk density of 850 kg/m3 (53.1 1b/ft3) has
been used, even though there are indications that a cobalt-based catalyst would have a lower value.
Gas properties used in Table 4.7 are derived using API Technical Data Book methods for gas
mixtures and are averaged between inlet and outlet conditions.

It will be noted that somewhat longer tubes of significantly smaller diameter are used in the present
design than were used in the ARGE reactors. The smaller diameter is to accommodate the higher
heat release per unit reactor volume and the longer length is to accommodate the space velocity at
the design throughput. While either the 7 reactor or the 8 reactor design might be satisfactory, the 8
reactor design has the shorter bes and the lower pressure drop and was chosen as the design
case. The longer reactor in the 7 reactor case might give fabrication problems.
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Table 4.5

A B [*] D E
1 _|CASE COMMERCIAL DESIGN 6/12/80
2 _JuGo - om/s 16
3 |alpha -0.5658
4 | 2,2317
5 |U 2.6604
6 (alpha* -0.8623348182
7 {T-0C 257
B8 _[WtL% Slurry as
% |Vol.% Solids 10.43668272
10 |dR - em 480
11]L - om 1222
12 {dp - micron 26
13 {rhoS - g/em”3 3.1
14 |mul - polse 0.02474214
15 {rhol - g/em3 0.670865
16 {sigmal - -dyne/om i16.6
17 |DA - cm2/s 0.0005381 1
18 |muSlurry - polse 0.046082128
19 {rhoSlurry - g/em*a 0.924383927
20 |kLa Correction Faator 0.7660556793
2 1 |BEA MODEL
2 2 |epsiion@ - Bukur's Modael 0,2330681 05 "0.241202372 0.242630301
23 |kla - s*-1 (uncorr) for MW 0.060384219 1.028471622 1.036171484
24 |kLa - s*-1 (corr) for H 0.768686567 0.787866644 0,792999112
25 lkH - (s"kgCat/m3)*-1 0.000507903(3.30%9 exp(-130/AT)
26 |kH- 841 0.106883608|With pressure_corraotion
27 |kH'epsilonl. - §*-1 0.081972448 0.081103028 0.080050386

28

He - (kPa cm*3)/mol

20064926.63

290

RTL/(UuGo'He) - 5%

17.80073563

30

KA - §%-1

0.073679364

0.07345220

31

Stanton No. - target

1.323545234

1.314116488

H2 Conversion

0.873587608

0.698774742

33

Stanton No. - resuit

1.323542709

1.314116554

34

Average uG - cm/s

10.91586064

11,728475616

35 |Stanton No. - reaction 1.45000283
3 6 |StantonM - targe! 14.00551375
37 |H2 Conversion 0.72608013
38 {n 0,600402287
390 |Y 0.726080164
4 0 |StantonM - result 14.09415088
4 1 |Average uG - em/s 11.60549453
4 2 |Pressure - kPa 2600
4 3 |Reactor Xsect - m*2 18.09657368
4 4 |Reactor Vol, - mA3 221.1279104
4 % |Feed Rate - m*3/h 9771.60079

46

Feed Rate - Nm”3h

120122.6672

47

SV - Nm*3/(m*3 h)

§83.0274067

4 8 |H2+CO Conversion 0.962441229 0.786930882 0.770849652
4 9 |CO Conversion 1.002255561 0.833022165 0.80284234
§0 [STY - Nm*3/(h"m*3) 561.0058077 467.1014682 450.1787008

81 |STY - Nm*a/(kgCat h)) 2.264935004 1.902875981 1.837200858
8 2 |GHSV - Nm*3/(kgCat h) 2.353323856 2.378561351 2.3830364106
53 [Catalyst - kg 54868.20088 54286.26426 54184.10021
§ 4 |Catalyst Loading kp/m*3 248.1288308 245 4071159 245.0351026
8 5 |Reaction Enthalpv - kJ/gmol -CH2- 214.6 214.6 214.6
$ 6 [kgmolh of H2+C2 Conv (=3* -CH2-) 66544.435655 4608,243581 4441.290060
8 7 |Heat Reloase - KW 110160.688 01667.60671 88250.0784
5 B |Heat Release - KWm*3 498.2918374 414.0020408 399.0906358

38586.67321

59 |Heat Releaso - Bw/(h 1#"3) 49170.08637 40037.16342

6 0 |Mass Transter Resistance - % 9.750930022 9.333240378 0.2625841908

81 |DL. - cmas 30032.6816 315645.0434 31651.62833
41
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SLURRY FISCHER-TROPSCH BASE CASE DESIGN

DIMENSIONS

Cooling Tube Design

Diameter, m

Straight Length of Bed, m
Xsect, m2

Head Vol, m3

Head Volume Effectiveness - %
Tube OD, mm

Tube ID, mm

Tube Length, m

No. of tubes

Tube Area (OD), m2/tube
Tube Xsect (OD), m2/tube
Tube Area (ID), m2/tube

Net Xsect of Reactor, m2
Total Cooling Surface, m2 (OD)
Reaction Volume, m3 (Effective)
Reaction Volume, m3 (Total)
CONDITIONS - PER REACTOR
Feed Gas Temp., oC

Operating Temp, oC

Operating Pressure, atm
Siurry Concentration, wt%
QGas Holdup, %

Liquid Density, kg/m3
Particle Density, kg/m3
Slurry Density, kg/m3
Catalyst Loading, kg/m3
Catalyst Weight, kg (Effective)
Catalyst Weight, kg (Total)

FF - kgmph

TF - kgmph

TF - m3/h

TF - Nm2/h

R/FF Ratio

MW of TF

MW of Effluent

Syngas in TF - %

Syngas Conversion/Pass - %
.CH2-Production, MTPD

Heat Duty, MW

Inlet Superficial Velocity, m/s
GHSY, Nm3/h kgCat

Mass Velocity, kg/h m2
Space Velocity, Nm3/h m3
STY - kg -CH2-/(h kgCat)
STY - kg -CH2-/(h m3)

Heat Flux, kW/m2

Table 4.6

S _Beactors
External

4.8

11.91

18.10

28.95

15.00

NA

NA

NA

NA

NA

NA

NA

18.10

NA

219.92

244.53

149
257
28.3
35
23.0
675
3000
926.2
249.6
54898 .1
61041.3
4608.4
5826.8
8959.4
130603
0.2644
20.90
38.04
90.8
80
474.9
78.8
0.138
2.379
121781
594
.360

90

NA

42

Internal
4.8
11.69
18.10
28.95
15.00
38.1
34
11.69
2481
1.399
0.001140
0.000908
15.27
3471.3
182.80
207 .41

149
257
28.3
35
22.8
675
3000
926.2
250.3
45748.4
51807.5
3840.3
4855.7
7466.2
108835
0.2644
20.90
38.04
90.8
80
395.8
65.6
0.136
2.379
101484
595
.360

90
18.812

Max Capacity
internal
4.8
13.16
18,10
28.95
15.00
38.1
34
18.16
2440
1.576
0.001140
0.000908
16.31
3844.7
205.93
230.54

149
257
28.3
35
24 .1
675
3000
926.2
24861
50670.0
56725.4
4253.4
5378.1
8269.4
120544
0.2644
20.90
38.04
90.8

80
438.4
72.7
0.150
2.379
112401
585
.360

8¢
18.912



Wﬂﬁhnum

CASE

Prassure - paia
Temperature - F at Inket
Temperature - F at Outlet
CO Conversion/Pass - %
CO Ultimate Conversion - %

C6+ Salectivity - %

Shell ID - inches

Shell T-T - {eet

Tube ID - inches

Tube OD - Inches

Tube Length - feet

No. of Tubas

Tube xsection (ID) - sq #
Tube Volume - cu ft

Tube' Area - sq f

Catalyst Bed Helght - feet
Catalyst Volume - cu
Catalyst Density - Ib/ou ft
Catalyst Weight - pounds
Catalyst Contact Area - sq ft
Tube Xseot Area as % of Shell Area

Fresh Feed - Ib mph per Reactor
Total Feed - Ib mph per Reaotor
Recycle/FF ratio

SV -FF Basis - Nm3/tixm3

SV -TF Basis - Nm3 /hxm3
Prod - Ib C5+/hrxlb cat

C5+ HC - Ib/hr

Total HC - Ib/hr

MW of Inlet Gas

MW of Outlet Gas

Gas Viscoslty - op - Avg

Gas Density - ib/cuft - Avg
Gas Therm Cond - BluhrxitxF - Av
Gas Sp. Ht. - Biu/lbxF - Avg
Gas Prandtl No.

Mass Velooity - Ib/hrxsqgit
Reynold's Number - basis tube 1D
Catalyst Diam - feet

Reynoid's Numbar - basis part diam
t

Press Drop - psi/ft

Press. Drop - psi

Heat Releass - MM Btumr

Heat Flux - Btu/hrxsght

d/D

Int Heat Trans Coef-BtuhrusqhtxF
Film Temp Diff - F

Wall Resistance - kit

Steam Side h - BtuhrxsqtixF
Overall U

Overall Delta 7 - F

Gas Res. Time - sec
Tube area/tube volume
MHeat Release/Unit Volume

Table 4.7
FISOHER TROPSCH TUBULAR REACTOR DESIGN

Ptototype

aes
3e2
437
26.0
63.0

78.00
116.00
45
1.80
1.96
39.5
2000
0177
1396
37228
36.5
1290
§3.1
68500
34400
57.009

2002.0
6003.6
2.30
6682
1821
0862
4281
5544
14,60
16.38
0.02056
629
080
556
458

2852
8623
0122
701
1.08
41
16.0

26.6
713
081
65
1"
938
280
491
15

10.11

26.67
18013

43

4/17/90

DReslan
£ Reagtors
425
392
437
37.2
56.3

87.24
1688.98
60
1.34
1.50
44.5
9602
0068
4176
149731
41.5
3894
531
206776
156065
60.176

6230.0
20796.7
2.338
574
1917
A
22078
26542
14.01
17.04
0.0201
708
062
578
456

31056
7958
.0122
778
1.08
44
18.1

130.2
870
.098
81
11
953
260
57.6
16

11,32
35.86
31188

Reslan
L Raactors
425
392
437
37.2
86.3

87.24
188,08
56
1.84
1.60
50.5
0602
0088
4739
1696920
47.6
4487
63.1
236671
178628
60.176

7120.0
23766.6
2.338
574
1816
RN
26260
30334
14.01
17.04
0.0201
708
062
578
456

3549
9095
0122
880
1.06
.55
26,3

148.8
876
098
20
10
53
250
62.0
14

11.34
35.88
31408

iy
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Table 4.8

FIXED-BED FISCHER TROPSCH BASE CASE DESIGN

DIMENSIONS 8 Reactors
Diameter, m 4.8
Straight Length of Bed, m 12.65
Xsect, m2 18.10
Tube OD, mm 38.1
Tube ID, mm 34.04

Tube Length, m 13.66
No. of tubes 9602
Tube Area (OD), m2/tube 1.623
Tube Xsect (OD), m2/tube 0.001140
Tube Area (ID), m2/tube 1.450
Tube Xsect (ID), m2/tube 0.000910
Net Xsect of Reactor, m2 8.74
Total Tube Area - m2 (ID) 13926
Total Tube Area - m2 (OD) 15589
Reaction Volume, m3 110.29

CONDITIONS - PER REACTOR

Feed Gas Temp., oC 200

Operating Temp, oC 225

Operating Pressure, atm 28.3

Catalyst Loading, kg/m3 850

Catalyst Weight, kg 93747 .4

FF - kgmph 2825.9

TF - kgmph 9432.9

TF - m3/h 13628.3
TF - Nm3/h 211428
R/FF Ratio 2.338
MW of TF 14.01

MW of Etfluent 17.04
Syngas in TF - % 75.45
Syngas Conversion/Pass - %

36.89
.CH2-Production, MTPD
Heat Duty, MW

294.6

38.2

Inlet Superficial Velocity, m/s 0.433
GHSV, Nm3/h kgCat 2.26
Mass Velocity, kg/h m2 15127
Space Velocity, Nm3/h m3 1917
STY - kg -CH2-/(h kgCat) 131
STY - kg -CH2-/(h m3) 111
Heat Flux, kW/m2 (ID) 2.74



44 KeyDesign Parameters

An AIChE paper, reproduced as Appendix D, gives some criteria for comparing the fixed-bed and
the slurry reactor. In this paper it is pointed out that the same GHSV [in Nm3/(h.kg Cat)] should
be required regardless of reactor type, to achieve the same conversion per pass. Owing to the lower
catalyst loading, the slurry reactor will require a greater reaction volume. It was also noted that the
fixed-bed reactor will generally run at a lower conversion/pass. The following discussion briefly

summarizes the key design parameters in the final reactor selections of Section 4 and rationalizes
these against Appendix D.

4.4.1 Methanol Design Parameiers

Key methanol reactor design variables are summarized below:

Slurry Fixed-Bed

Temperature, °C 250 255 (outlet at end of run)
Pressure, atm 99 54
R/FF Ratio 2.2 4.0
CO in Total Feed, % 104 10.0
CO Conversion, % 83.6 55.9
Superficial Velocity, m/s

(based on empty shell) 0.135 0317
GHSV, Nm3/(h-kgCat) 8.7 9.1
SV, Nm3/(h-m3) 2,115 11,333
STY, kg MeOH/(h-kgCat) 1.189 0.794
STY, kg MeOH/(h-m3) 289 992

(based on empty shell) 266 486
Effective XSect Area, % 92 49
Methanol Production, MTD 1488 1488

Both ~=actors have the same shell diameter, 4.8 meters. The slurry reactor has a tangent to tangent
height of 15.1 meters, the fixed-bed reactor, 7.77 meters. The slurry reactor pressure has been
raised in order to increase capacity to that of the fixed-bed. End of run temperature is shown since
this limits the equilibrium conversion and hence the design. Lower start of run temperatures
improve conversion.

Once the shell diameter is set, the capacity of a given reactor depends on the allowable superficial
velocity (corrected for the effective cross sectional area) and the total volurne of gas to be handled.
The allowable superficial velocities based on an empty reactor are 0.135 and 0.317 s,
respectively, a factor of 2.35 in favor of the fixed-bed. This is balanced by the difference in total
gas handled (owing to differences in recycle ratio, conversion per pass and pressure level) so that
the capacities are equal in terms of methanol production.

The required ieight of the reactor can be calculated from the STY in kg MeOH/(h'm3), the capacity
in kg methanol per hour and the available cross sectional area. The STY can, in turn, be calculated
from the space velocity, the conversion per pass and the concentration of reactants in the reactor
feed. As best as can be determined, the slurry reactor and the fixed-bed reactor are designed to the
same GHSYV in Nm3/(h-kgCat) to achieve the same approach to equilibrium. As discussed in
Appendix D, the catalyst loading in kg/m?3 of reactor volurne is highly significant and gives the
fixed-bed reactor a significantly lower height requirement. When all factors are combined, the
slurry reactor is about twice the height of the fixed-bed reactor.
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4.4.2 Fischer-Tropsch Design Parameters

In similar fashion to methanol, F-T design parameters are surnmarized below:

Slurry Fixed-Bed

Number of Reactors 6 8
Height of Bed, m 11.69 12.65
Reaction Volume, m3 1097 887
Temperature, °C 257 225 (outlet at start of run)
Pressure, atm 28.3 28.3
R/FF Ratio 0.264 2.34
Syngas in Total Feed, % 90.8 75.5
Syngas Conversion, % 80.0 36.9
Superficial Velocity, m/s 0.136 0433

(based on empty shell) 0.115 0.209
GHSV, Nm3/(h-kgCat) 2.38 ‘ 2.26
SV, Nm3/(h-m3) 595 1917
STY, kg -CH»-/(h-kgCat) 0.360 0.131
STY, kg -CHa-/(h-m3) 90 111

(based on empty shell) 52.7 44.8
Effective XSect Area, % 84 48
Hydrocarbon Production, MTD 2294 2312

A key difference is the higher design temperature in the slurry reactor case as compared to the
fixed-bed reactor. Equilibrium is no longer a consideration so the improved activity at the higher
temperature is significant. The result is that 80% conversion per pass is achieved in the slurry
reactor as compared to 37% in the fixed-bed reactor, at the same pressure level and at roughly the
same GHSV in each case. Comparisons given in Appendix ID assume temperature is the sarne and
the allowable space velocity rises as conversion level drops.

The allowable superficial velocity for the fixed-bed reactor, based on the empty shell, is 1.8 times
that for the slurry reactor. Actual fixed-bed superficial velocity is set by pressure drop
considerations and will vary depending on mass and space velocity, molecular weight of the gas,
pressure level, reactor length and other variables. Owing to differences in conversion per pass and
recycle ratio, the fixed-bed reactors must handle 2.4 dmes the amount of gas as the shurry reactors
for the same production. Consequently, six slurry reactors have roughly the same capacity as eight
fixed-bed reactors.

At roughly the same value of GHSV in Nm3/(h-kgCat), the SV, in Nm3/(h-m3) is about 3 times
greater in the fixed-bed case due to the higher catalyst loading. At the lower gas concentration and
conversion level in the fixed-bed, the difference in STY is not nearly as great; 111 kg/(h-m3) for
the fixed-bed versus 90 for the slurry reactor. This ratio is enly slightly less than the ratio in
number of reactors and reaction bed heights are, therefore, roughly comparable.
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4.5  Low Pressure Design

In order to ascertain the relative advantage for compressing the synthesis gas prior to acid
gas removal and Fischer-Tropsch synthesis, designs have been prepared for both the slurry
reactor and the fixed-bed reactor at half of the previous design pressure. The assumption is
made that allowable GHSV increases as the square root of pressure in the fixed-bed case
and that the reaction kinetic consiant, kyy, decreases as the square root of pressure in the
slurry reactor case. Thesae ar .. ‘most equivalent assumptions, since the GIISV in the

slurry reactor also increases by 212 \when mass transfer resistance is insignificant.

4.5.1 Slurry Reactor

Keeping the superficial velocity constant, capacity must vary in direct proportion to
pressure if the cross sectional area is constant. Actually, the area occupied by the cooling
tubes increases as capacz?’z increases so the exponent on pressure is slightly less than 1.

Since GHSV varies as P1/2 and u is constant, reactor length must vary as P12,

It turns out that if pressure is halved, the number of slurry reactors increases from 6 to 11.
Table 4.9 shows that, as expected, the reactor length has been decreased from 12 meters to
8.5 meters and GHSV decreases from 2.42 1o 1.71 to achieve 80% conversion per pass,
Model 2. Table 4.10 skows how this fits into a slurry reactor design when the head volume
and cooling tube volume corrections are made. Designs for 10, 11 and 12 reactors are
shown. The 11 reactor design is under the limit of 0.15 mls superficial velocity and results
ir. a bed depth (1o the tangent line) of 8.55 meters. In all cases the botiom head is assumed
to be 15% effective.

4.5.2 Fixed-Bed Reactor

The assumption that allowable GHSV increases as P1/2 urns out to be a good one from the
standpoint of fixed-bed design since the reactor sizing does not change significantly but

capacity increases in proportion to P12, The reason is as follows:

e To keep APIL constant, uG is constant (superficial velocity times mass velocity).

e For the same reactor, capacity is proportional to GHSV.

o If reactor length is not varied, G varies as does GHSV (i.e. as P12)

o Since gas density varies in direct proportion to P, u varies as PI2Ip = P12 uG is
constant, AP is constant.

» Heat flux varies as P12,

o The internal film coefficient varies as G048 or as P04, film AT varies as PO.1 but the
effect on overall AT is quite small.

The overall effect of halving the pressure is to increase the number of reactors from 8 to 11

(11/8 = 1.375). The resulting reactor design is given in Tables 4.11 and 4.12. Overall
reactor dimensions remain unchanged.
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Table 4.9

A B | c 1 D E
CASE COMMERCIAL DESIGN AT LOW PRESSURE 6/12/90
uGo - cm/s 15
alpha -0.5658 ]
] 2.2317
U . 2.5604
alpha -0.623348182
T-0C 257
Wt.% Slurry 35
Vol.% Solids 10.43659272
dR - em 480
L-em 864.5
dp - micron 26
thoS - g/cmAa 3.1
mulL - poise 0.02474214
rhol. - g/em3 0.670865
sigmal - -dyne/cm 16.5
DA - cm2/s 0.00063811

muSiurry - poise

0.046982128

rhoSiurry - g/emA3

0.924383827

kLa Correction Factor

0.766055763

n

BEACTOR MODEL
epsilonG - Bukur's Model

0.233900696

0.241185733

0.243101644

klLa - s*-1 (uncorr) for H

0.884276668

1.028440484

1.037805804

kLa - s*-1 (corr) for H

0.761671401

0.78784279

0.795097148

kH - (s’kgCat/m3)»-1

0.000507803

3.30°9"axp(-130/RT)

kH- s*-1

0.151156248

With prassure correction

kH*epsilonl - gA-1

0.1158006086

0.114698006

0.114396312

He - (kPa cm*3)mol

20064029.63

RTL/(uGo"He) - s*-1

12.65674375

UHNNNNNNNNNN-‘-‘—DA-‘d—Id-‘dcm
slololslvlajn|aivinialolo|aiv]alaiajwlvlale i el Ll R L Lo B

KA - 8*-1 0.100518386 0.10000625
Stanton No. - target 1,272235449 1.265753475
3 2 |H2 Conversion 0.850672142 0.68040258
3 3 |Stanton No. - result 1.,272236106 1,265754884
3 4 {Average uG - cm/s 10.98561211 11.77696616
3 5 |Stanton No. - reaction 1.451703272
36 |StantonM - target §.97152431
3 7 |H2 Conversion 0.726202139
38 |n 0.500241442
30 |Y 0.728208105
4 0 |StantonM - result 9.870574259

o
-

Average uG - em/s

11.80482413

4 2 |Pressure - kPa 1300

4 3 |Reactor Xsect - m*2 18.08557368

4 4 |Reactor Vol. - m*3 156.4362345

4 5 |Feod Rawe - m*3h 0771.60079

4 8 |Feod Rate - Nm*"3h 84561.33359

47 SV - Nm*3/{m*3 h) 412.7008367

4 8 [H2+CO Conversion 0.946008893 0.80008501 0.759522526
4 © |CO Conversion 0.985143233 0.833162144 0.790042495
50 |STY - Nm*3/(h*m*3) 380.4183001 330.1673393 313.45543
61 [STY - Nm*3/(kgCat h)) 1.675150343 1.344062645 1.280175317
52 [GHSV - Nm*3/(kgCat h) 1.685058057 1.6810666908 1.6856001 31
53 |Catalyst - kL 38774.20043 %8404.88041 36303.96236
5 4 [Catalyst Loading kﬂlm‘s 247.8504589 245.40926306 244 . 853518
8 S |Reaction Enthaipy - kJ/gmol -CH2- 214.6 214.6 214.6
56 [kgmoih of H2+CO Conv (=3® -CH2-) 2724.885466 2304.508989 2187.73031
$ 7 |Heat Release - kW 54144.48342 45701.44674 43471.011562
5 8 |Hoat Relpase - KW/mMA3 346.1121825 202.7163702 277.8832644
5 9 |Hoat Rolease - Buv/(h 1*3) 33464.370562 28301.71872 26867.55777
6 0 |Mass Transler Resistance - % 13.1970802 12.70834588 12.57913114
81 |DL - on2s 30095.77875 31544 54725 31693.44566

g
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Table 4.10

SLUJRRY FISCHER-TROPSCH - LOW PRESSURE DESIGN

DIMENSIONS

Diameter, m

Straight Length of Bed, m
Xsect, m2

Head Vol, m3

Head Volume Effectiveness - %
Tube OD, mm

Tube ID, mm

Tube Length, m

No. of tubes

Tube Area (OD), m2/tube
Tube Xsect (OD), m2/tube
Tube Area (ID), m2/tube

Net Xsect of Reactor, m2
Total Cooling Surface, m2 (OD)
Reaction Volume, m3 (Effective)
Reaction Volume, m3 (Total)
CONDITIONS - PER REACTOR
Feed Gas Temp., oC

Operating Temp, oC

Operating Pressure, atm
Slurry Concentration, wt%
Gas Holdup, %

Liquid Density, kg/m3
Particle Density, kg/m3
Slurry Density, kg/m3
Catalyst Loading, kg/m3
Catalyst Weight, kg (Effective)
Catalyst Weight, kg (Total}

FF - kgmph

TF - kgmph

TF - m3/h

TF - Nm3/h

R/FF Ratio

MW of TF

MW of Effluent

Syngas in TF - %

Syngas Conversion/Pass - %
-CH2-Production, MTPD

Heat Duty, MW

inlet Superficial Velocity, m/s
GHSV, Nm3/h kgCat

Mass Velocity, kg/h m2
Space Velccity, Nm3/h m3
STY - kg -CH2-/(h kgCat)
STY - kg -CH2-/(h m3)

Heat Flux, kW/m2

12 Reactors
4.8

7.78
18.10
28.95
15.00
38.1

34

7.78
1865
0.931
0.001140
0.000908
15.97
1735.6
128.51
1563.12

149
257
14.15
35
22.3
675
3000
926.2
251.9
32371.6
38570.6
1920.1
2427.8
7466.0
54417
0.2644
20.90
38.04
90.8
80
197.9
32.8
0.130
1.681
50741
423
255
64

L83

4.8

8.61
18.10
28.95
15.00
38.1

34

8.61
1838
1.030
0.001140
0.000908
16.00
1893.5
142.03
166.64

149
257
14.15

23.3
675
3000
926.2
248.7
35316.1
41435.4
2094.8
2648.6
8145.1
59366
0.2644
20.90
38.04
90.8
80
218.9
35.8
0.141
1.681
55356
418
.255
63

18.912

35

18.912

49

10 Reactors
4.8

9.64
18.10
28.95
15.00
38.1

34

9.64
1805
1.154
0.001140
0.000908
16.04
2082.7
158.92
183.53

149
257
14.15
35
24.6
675
3000
926.2
244 .4
38846.1
44861.7
2304.2
2913.4
8959.3
65300
0.2644
20.90
38.04
90.8
80
_237.5
39.4
0.155
1.681
60889
411
255
62
18.912

LRI



Table 4.11

FISCHER-TROPSCH TUBULAR REACTOR DESIGN - LOW PRESSURE

CASE

Pressure - psia
Temperature - F at Inlet
Temperature - F &t Outlet
CO Conversion/Pass - %
CO Ultimate Conversion - %

C5+ Selactivity - %

Shell ID - inches

Shell T-T - teet

Tube ID - inches

Tube OD - inches

Tube Length - feet

No. of Tubes

Tube xsection (ID) - sq ft
Tube Volume - cu ft

Tube Area - sq ft

Catalyst Bed Height - feet
Catalyst Volume - cu ft
Catalyst Density - Ib/cu ft
Catalyst Waight - pounds
Catalyst Contact Area - sq ft
Tube Xsect Area as % of Shell Area

Fresh Fead - Ib mph per Reactor
Total Feed - Ib mph per Reactor
Recycle/FF ratio

SV -FF Basis - Nm3/hxm3

SV -TF Basis - Nm3 /hmxm3
Prod - Ib CS+/nrxlb cat

C5+ HC - lbmr

Tota! HC - Ib/hr

MW of Inlet Gas

MW of Outlet Gas

Gas Viscosity - cp - Avg

Gas Density - Ib/cutt - Avg
Gas Therm Cond - BiuhnxditxF - Av
Gas Sp. Ht. - BtulbxF - Avg
Gas Prandt No.

Mass Velocity - ib/hrxsgft
Reynold's Number - basis tube 1D
Catalyst Diam - feet

Reynolds Number - basis part diam
f

Press Drop - peifit

Press. Drop - psi

Hoat Release - MM Bu/hr

Heat Flux - Btuhrxsqft

d/D

int Heat Trans Coef-BtuhmsqitxF
Film Temp Diff - F

Wall Resistance - kA

Swam Side h - BuMmsqitxF
Overall U

Overall Delta T - F

Gas Res. Time - sec
Tube areatube volume
Hoat Release/Unit Volume

Prototype

368
302
437
26.0
63.0

78.00
116.00
45
1.80
1.96
398.5
2000
0177
1306
37228
36.5
1280
53.1
68500
34400
§7.009

20082.0
6803.6
2.30
582
121
.062
4281
5544
14.60
16.38
0.0205
628
060
.556
458

2852
8623
0122
701
1.08
.41
15.0

26.5
713
.081
65
11
038
250
49.1
15

10.11

26.67
19013
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6/12/90
11_Beactors| 10 Reactors
212 212
392 3p2
437 437
3r.2 37.2
86.3 86.3
87.24 87.24
188.08 188.98
50 56
1.34 1.34
1.50 1.50
44.5 50.5
9602 9602
.0098 .0098
4176 4739
149731 169920
41.5 47.5
3804 4457
53.1 53.1
206776 236671
156065 178629
60.176 60.176
4530.9 4984.0
15124.2 16636.6
2.338 2.338
418 401
1394 1340
.081 .078
16711 18382
19303 21234
14.01 14.01
17.04 17.04
0.0201 0.0201
.401 .401
062 .062
578 578
.456 .456
2258 2484
5788 6367
0122 0122
566 623
1.11 1.10
42 .50
17.3 23.7
94.7 104.2
633 613
.098 .oe8
63 68

10 e
953 953
250 250
47.7 50.6
13 12
8.85 9.21
35.86 35.86
22682 21986
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Table 4.12

FIXED-BED FISCHER TROPSCH LOW PRESSURE DESIGN

DIMENSIONS

Diameter, m

Straight Length of Bed, m
Xsect, m2

Tube OD, mm

Tube ID, mm

Tube Length, m

No. of tubes

Tube Area (OD), m2/tube
Tube Xsect (OD), m2/tube
Tube Area (ID), m2/tube
Tube Xsect (ID), m2/tube
Net Xsect of Reactor, m2
Total Tube Area - m2 (ID)
Total Tube Area - m2 (OD)
Reaction Volume, m3
CONDITIONS - PER REACTOR
Feed Gas Temp., oC
Operating Temp, oC
Operating Pressure, atm
Catalyst Loading, kg/m3
Catalyst Weight, kg

FF - kgmph

TF - kgmph

TF - m3/h

TF -« Nm3/h

R/FF Ratio

MW of TF

MW of Effluent

Syngas in TF - %

Syngas Conversior/Pass - %
'-CH2-Production, MTPD
Heat Duty, MW

Iniet Superficial Velocity, m/s
GHSV, Nm3/h kgCat

Mass Velocity, kg/h m2
Space Velocity, Nm3/h m3
STY - kg -CH2-/(h kgCat)
STY - kg -CH2-/(h m3)
Heat Fiux, kW/m2 (ID)

51

11 Reactors
4.8

12.65
18.10
38.1
34.04
13.56
9602
1.623
0.001140
1.450
0.000910
8.74
13926
15589
113.40

200
225
14.15
850
96387.5
2055.2
6860.3
19823 .1
153766
2.338
14.01
17.04
75.45
36.89
214.3
27.8
0.630
1.60
11001
1356
.093
79

2.00
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4.6  Baffled Slurry Reactors

The _backmi.xing effects in a slurry reactor cause a decrease in the conversion level
achievable with a given GHSV. One way of cutting down on backmixing would be 10
install baffles or trays. This has been done in gasi/solid fluidized beds such as the fluid-bed
MTG reactor, piloted by Mobil and UDHE in 1986. Extensive cold-model tests were run to
{.:heck out the principle (Krambeck, F. J., Avidan, A. A., Lee, C.K. and Lo, M. N.,
Predicting Fluid-Bed Reactor Efficiency using Adsorbing Gas Tracers", AIChE Journal,
33,No.l 0,1727-1734, 1987). Horizontal baffles were found o be particulariy effective
in improving fluid-bed reactor performance. The extension to slurry reactors would require
piloting on a substantial scale plus similar cold-flow model testing. There are questions ds

1o the extent of erosion of the baffles and whether salting out of the solids in inactive zones
can be tolerated.

Rrelbgzinary reactor designs have been prepared to study the effect of backmixing using the
simplified models described elsewhere in this report (Model I - plug flow vs Model 2,
Izquzgi phase fully backmixed, gas phase plug flow). These results give an indication of the
maximum benefits to be achieved by baffling. These benefits should be balanced against
the cost of reactor development and the cost of baffle installation and maintenance. It
should also be understood that these are the maximum benefits 10 be expected and may be
reduced somewhat when tested against more sophisticated reactor models.

Two cases are considered.: (1) where conversion is kept constant and the size of the reactor
is reduced and (2) where reactor size is kept roughly constant and conversion per pass is
increased.

4.6.1 80% Conversion per Pass

Table 4.13 shows that in a plug flow reactor, 80% conversion should be achievable with an
8.7 meter bed height and a GHSV of 3.34, (Model 1). This compares with 12 meters and a
GHSV of 2.42 for a liquid backmixed reactor, Table 4.5 - Model 2. Table 4.14 shows how
this translates into a slurry reactor design. Because of the shorter bed length, more tubes
are required and these take up more of the volume and more of the cross sectional area. The
right hand column shows the maximum capacity case. The middle column, the design case,
shows a 6 reactor design at a superficial velocity of 0.146 m/s, meeting the design GHSV
requirement with a bed length of 9.01 meters. The number of cooling tubes increases to
3407.

The left hand column of Table 4.14 shows an alternate design with an external cooling
loop. In this case the number of reactors can be decreased to 5 and the required heighs
decreases to 8 54 meters.

4.6.2 95.5% Conversion Once-Through

Table 4.5 shows that the design slurry reactor should be capable of 95 5% conversion per
pass if it were baffled to achieve 100% plug flow, (Mode{ 1). The way o take advantage of
higher conversion per pass is to relax on the inerts level in the synthesis gas. If95%
oxygen were used instead of 99.5% oxygen 1o the gasifier, the main effect would bq all
fold increase in nitrogen content of the synthesis gas from 0.37% up to 3.7%. (Gasifier
oxygen requirement would be increased, but negligibly). With once-through operation,
total inerts in the F-T reacior feed gas are approximately the same and total feed gas is
actually down from 64229 mph to 52510 mph.
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Table 4.15 shows that the bed height must be increased to 11.99 meters, but that a S reactor
design is feasible. The number of cooling tubes increases to 2955 (versus 2481 in the base
design). Superficial velocity in the 5 reactor design is 0.138 m/s. Again, an external
circulation loop decreases the number of reactors, this time from S to 4. Superficial velocity
is 0.141 mls with 4 reactors and the required bed height is 12 .26 meters.
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Table 4.13

A ] | [J ] D E
CASE DEVELOPMENTAL DESIGN - BAFFLED REACTOR 6/12/90
uGo - cm/s 15

alpha -0.5658

| 2,217

U 2.6604

alpha* -0,623348182

T-0C 257

W% Slurry a6

Vol.% Solids 10.436508272

dR - cm 480

L-om 873.6

dp - micron 26

rhoS - g/em*3 3.1

mul - poise 0.02474214

rhol. - g/em3 0.670865

sigmal - -dyne/om 16.5

DA - cm2/s

0.00053811

muSlurry - poise

0.046982128

rhoSlurry - g/em*3

0.924383027

kLa Correction Factor

0.766055783

MODEL2

MOREL2

BEACTOR MODEL
apsllonG - Bukur's Model

0.241197971

0.246449548

0.24806185

kLa - s*-1 (uncorr) for H

1.028450082

1.053108211

1.060643168

kLa - s*-1 (corr) for H

0.787850832

0.806740411

0.812511843

kH - (s*kgCat/m3)A-1

0.000507903

3.36"9%exp(-130/RT)

kH- 8A-4

0.106883608

With pressure correction

kH"epsilonl - §*-1

0.081103400

0.080542181

0.080370931

He - (kPa em*3)/mol

20064928.63

RTU(uGo"He) - s*-1

12.78897263

KA - g*-1 0.073533737 0.073136514
Stanton No. - target 0.9404044790 0.835414013
H2 Conversion 0.726161003 0,688797798

Stanton No. - result

0.9404962086

0.835415654

QGQGDNNNR’NNNNNM-&-‘-i-\-tdd—l-dao
alWINi=olole~NIoOjIbIVINa (OO ICINIgGHINIAIWIN{={O o il il B Rl Lol Lad

Average uG - cm/s

11.60511644

12.20055361

35 {Stanton No, - reaction 1.03013242
3 6 {StantonM - target 10.31818778

37

H2 Conversion

0.628823785

38 In 0.61043005
38|y 0.628856383
4 0 |StantonM - result 10.31720848
4 1 |Average uG - cm/s 12.06017878
4 2 |Pressure - kPa 2800
4 3 |Reactor Xsect - m*2 18.005567368
4 4 |Reactor Vol, - m*3 168.0829317
45 |Feed Rate - m*3h 0771.60079
4 6 |Feod Rate - NM*3h 120122.6672
47 ISV - Nm*3/(m*3 h) 816,.8033435
4 8 |H2+CO Conversion 0.8000996861 0.60278219 0.6590702225
4 9 |CO Conversion 0.833114049 0.721441242 0.686082823
§0 |STY - Nm*3/(h*m*3) 652.4587585 565.8668063 538.8460631
51 |STY - Nm*3/(kgCat h)) 2.861762304 2.321033758 2.214015339
$ 2 JGHSV - NmA3/(kgCat h) 3.327120087 3.350308065 3.357447125
53 |Catalyst - kg 28800.126888 38540.53658 38458.58546
5 4 [Catalyst Lnading kg/m*3 245.4985387 243.7994739 243.2810743

& 5 |Reaction Enthalpy - kJ/gmol -CH2- 214.6 214.6 214.6
56 kgmolm of H2+CO Conv (=3° -CH2-) 4608,756862 3000.962608 3800.415402
5 7 |Heat Release - kW 91677.70579 78302.30266 75516.66161

477.60648

§ 8 |Heat Release - KW/m*3 5798.3018665 501.6409001
5 9 |Heat Release - Bu/(h #43) 56010.64541 48502.77847 46186.78742
8 0 |Mass Transter Resistance - % 9.33345928 8.077400021 8.001285011

81

DL - em2k

31544.71453

31935.370563

32063.85003

IR
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SLURRY FISCHER-TROPSCH BAFFLED 80% CONVERSION

_ﬁrﬂm

DIMENSIONS

Cooling Tubes

Diameter, m

Straight Length of Bed, m
Xsect, m2

Head Vol, m3

Head Volume Effectiveness - %
Tube OD, mm

Tube ID, mm

Tube Length, m

No. of tubes

Tube Area (OD), m2/tube
Tube Xsect (OD), m2/tube
Tube Area (ID), m2/tube

Net Xsect of Reactor, m2
Total Cooling Surface, m2 (OD)

Reaction Volume, m3 (Effective)

Reaction Volume, m3 (Total)
CONDITIONS - PER REACTOR
Feed Gas Temp., oC
Operating Temp, oC
Operating Pressure, atm
Slurry Concentration, wt%
Gas Holdup, %

Liquid Density, kg/m3
Particle Density, kg/m3
Slurry Density, kg/m3
Catalyst L.oading, kg/m3
Catalyst Weight, kg (Effective)
Catalyst Weight, kg (Total)
FF - kgmph

TF - kgmph

TF - m3/h

TF - Nm3/h

R/FF Ratio

MW of TF

MW of Effluent

Syngas in TF - %

Syngas Conversion/Pass - %
.CH2-Production, MTPD
Heat Duty, MW

inlet Superficial Velocity, m/s
GHSV, Nm3/h kgCat

Mass Velocity, kg/h m2
Space Velocity, Nm3/h m3
8TY - kg -CH2-/(h kyCat)
STY - kg -CH2-/(h m3)
Heat Flux, kW/m2

Table 4.14

8 Reactors
External

4.8

8.50

18.10

28.95

15.00

NA

NA

NA

NA

NA

NA

NA

18.10

NA

158.07

182.68

149
257
28.3
35

23.0
675
3000
926.2
249.6
39457.0
45600.2
4608 .4
5826.8
8959.4
130603
0.2644
20.90
38.04
90.8

80

474 .9
78.8
0.138
3.31
121781
826
.502
125

NA

|3, ]
Lh

nternal
4.8
9.03
18.10
28.95
15,00
38.1
34
8.53
3401
1.021

© 0.001140

0.000908
14.22
3471.3
132.71
157.32

149
257
28.3
35
23.8
675
3000
926.2
247.0
32782.0
38861.4
3840.3
4855.7
7466.2
108836
0.2644
20.90
38.04
90.8
80
395.8
65.6
0.146
3.32
101485
820
.503
124
18.912

Max Capaqity
internal

4.8
9.30
18.10
28.95
15.00
381
34
8.80
3391
1.054
0.001140
0.000908
14.28
3572.5
136.70
161.31

149
257
28.3
35

24.1
675
3000
926.2
246.1
33636.6
396921
3952.3
4997.3
./ 7683.9
112010
0.2644
20.90
38.04
90.8
80
407.3
67.6
0.150
3.33
104444
819
505
124
18.912

N !lﬂ“‘ e
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Table 4.15

SLURRY FISCHER-TROPSCH BAFFLED HIGH CONVERSION

DIMENSIONS

Cooling Tubes

Diameter, m

Straight Length of Bed, m
Xsect, m2

Head Vol, m3

Head Volume Effectiveness - %
Tube OD, mm

Tube ID, mm

Tube Length, m

No. of tubes

Tube Area (OD), m2/tube
Tube Xsect (OD), m2/tube
Tube Area (ID), m2/tube

Net Xsect of Reactor, m2
Total Cooling Surtace, m2 (OD)
Reaction Volurne, m3 (Effective)
Reaction Volume, m3 (Total)
CONDITIONS - PER REACTOR
Feed Gas Temp., oC

Operating Temp, oC

Operating Pressui@, atm
Slurry Concentration, wt%
Gas Holdup, %

Liquid Density, kg/m3
Particle Density, kg/m3
Slurry Density, kg/m3
Catalyst Loading, kg/m3
Catalyst Waight, kg (Etfective)
Catalyst Weight, kg (Total)

FF - kgmph

TF - kgmph

TF - m3/h

TF - Nm3/h

R/FF Ratio

MW of TF

MW of Effluent

Syngas in TF - %

Syngas Conversior/Pass - %
".CH2-Production, MTPD

Heat Duty, MW

inlet Superficial Velocity, m/s
GHSV, Nm3/h kgCat

Mass Velocity, kg/h m2
Space Velocity, Nm3/h m3
8STY - kg -CH2-/(h kgCat)
STY - kg -CH2-/(h m3)

Heat Flux, kW/m2

4_Reactors

External
4.8
12.42
18.10
28.95
15.00
NA
NA
NA
NA

NA| .

NA

NA
18.10
NA
229.09
253.70

149
257
28.3
35

23.3
675
3000
926.2
248.7
56963.6
63082.9
5954.6
5954.6
91565.8
133466
0

20.90
38.04
90.8
95.5
579.4
96.1
0.141
2.343
124450
583
424
105

NA|

LR
CA

Internal
4.8
12.10
18.10
28.95
15.00
38.1
34
11.60
2926
1.389
0.001140
0.000908
14.76
4063.6
182.95
207.56

149
257
'28.3

35
23.0

675

3000
926.2
249.6

45669.0
51812.3
4763.7
4763.7
7324.8
106774
0

20.90
38.04
90.8
95.5
463.5
76.9
0.138
2.338
99562
584
423
106
18.912

Max_Capaclty

internal
4.8
13.30
18.10
28.95
15.00
38.1
34
12.80
2893
1.532
0.001140
0.000908
14.80
4433.0
201.19
225.80

149
257
28.3
35
24.1
675
3000
826.2
246.1
49503.1
56558.5
5196.8
5196.8
7990.6
116481
0
20.90
38.04
$0.8
95.5
505.6
83.8
0.150
2.353
108613
579
A26
105
19.912

LA



4.7  Superficial Velocity and Catalyst Concentration

As discussed above, Bechtel has chosen to design the slurry reactors in all cases for 35wt%
slurry concentration and up to 0.15 mils superficial inlet velocity. This represents current
liquid phase methanol design practice, although it is understood that Air Products is
designing the reactor for the Great Plains Clean Coal 3 Demonstration Project for a
superficial velocity of 025 m/s (personal communication). On the other hand, Bechtel's
design conditions are well beyond anything that has been demonstrased to date in Fischer-
Tropsch pilot plant operations . For this reason an alternative design has been prepared for
more conventional Fischer-Tropsch design conditions of 0.7 m/s and 20 wt% slurry.

The results of this effort are shown in Tables 4.16 and 4.17. Basically, as superficial
velocity is decreased with no change in other conditions, the reactor capacity decreases bus
the reactor can become shorter. Mass transfer becomes more limiting but the decrease in
GHSV is slight since surface kinetics predominate. Decreasing the slurry concentration, as
well, decreases the rate of reaction since the amount of surface is reduced. This brings the
relative contribution of mass transfer back to the original level, the allowable GHSV is
reduced and the reactor stays about the same in height. Halving the superficial velocity and
halving the slurry concentration would double the number of untubed reactors for the same
capacity without changing their dimensions., This can be seen by comparing the first
columns of Figure 4.6 and Figure 4.17. The number of reactors has increased from 5 to
10. The bed length is slightly shortened since the slurry concentration has not quite been
halved, decreasing from 35 wit% to 20 wt%.

Because the heat removal requirement has not been changed, the number of internal tubes
required per reactor is reduced and the space available for reaction is increased. As shown
in the middle columns of Figures 4.6 and 4.17, the number of reactors of the insernal tube
design increases from 6 to 11 and the reactors can be about one meter shorter in height.

Air Products uses the higher superficial velocity in the Great Plains once-through methanol

design to reduce the diameter of the reactor, increasing the height. This is beneficial from a
cost standpoint since the wall thickness of the shell and heads is reduced.
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Table 4.16

A B ] c ] D E

1 |CASE ALTERNATIVE DESIGN - LOW VELOCITY LOW CONCENTRATION 5/26/90
2 |uGo - cmis 1.6

3 _lalpha -0.6658

4_|l 2.2317

5 U 2.5604

6 lalpha® -0,623348182

7 |T-0C 257

8 IWt% Slurry 20

9 |Vol% Solids 5.132521834

10 |dR - em 480

11 L -cm 1129

12 |dp - micron 26

13 |thoS - g/em?3 3.1

14 mul - poise 0.02474214

15 |rhol. - g/em3 0.6708656

16 |sigmal - dyne/om 16.5

17 |DA - cm2/s 0.0006391 1

18 {muSlurry - polse 0.026706000

16 |rthoSlurty -~ p/em?3 0.705540884

20 |kLa Correction Factor 0.808602506

2 1 | BEACTORNODEL MODEL -

2 2 |epsilon( - Bukur's Model 0.1545065362 0.180202376 0.160967831
23 (klLa - sA-1 (uncorr) ftor H 0.630506221 0.6557049 0.668162012
24 (kla - 8*-1 (corr) tor H 0.508828168 0.563020466856 0,53208202€
25 {kH - (s*kgCat/m3)*-1 0.000507903(3.3e*8"exp(-130/RT)
26 JkH- 8°-1 0.062563367(With pressure corraction
27 |kH"epsiionl. - §4-1 0.044437314 0.044142501 0.0441023566
28 [He - (kPa cm*3)/mol 200649029.63

29 |RTL/(uGO"He) - 81 32.80264484
30 |kA - 8% 0.040874628 0.040731992
3 1 |Stanton No. - target 1.344065819 1.339375638
3 2 |H2 Conversion 0.878178047 0.704955101
33 |Stanton No. - rasult 1.344064032 1.338372189
34 |Average uG - cm/s 5,444687236 5.652128198
3 5 |Stanton No. - reaction 1,45152513

3 6 [StantonM - target 17.43453233

3 7 |H2 Conversion 0.726174448

38 In 0.500283760

3901y 0.726174449

4 0 |StantonM - result 17.43279638
4 1 |Average uG - cn/s 5.8026267082
4 2 |Pressure - kPa 2600

4 3 {Reactor Xgact - m*2 18.056567368

4 4 1Reactor Vol, - m*3 203.21320826

45 |Fead Rate - m*"3/h 4885.604885
48 {Feod Rate - Nn"3h 64561,33350
47 {SV - Nm*3/(m*3 h) 317.7023166

4 8 |H2+CO Conversion 0.68600278 0.800034503 0,7766560812
4 9 jCO Conversion 1,008669387 0.833130374 0.808785697
50 |STY - Nm*d/(h*m*3) 307.7266513 254.1728143 246.7456993
51 |STY - Nm*3/(kgCat h)) 2.287746207 1.802225312 1.848325806
52 |GHSV - Nm"3/(kgCat h) 2.361000600 2.377679004 2.370848267
53 |Catalyst - g 27334,38068 27153.089686 27128.34028
$ 4 |Catalyst Loading kg/m*3 134.5107907 133.6186689 133.4068788
% 5 |Reaction Enthalpy - kJ/igmol -CH2- 214.6 214.8 214.6
88 |kgmolh of H2+CO Conv (=3" -CH2-) 2789.958315 2304.421008 2237.084231
§ 7 |Heat Roloase - KW 55437.50504 45789,70068 44451,60223
58 |Heat Rolease - KW/mM*3 272.8045216 225.32082761 218.7440186
% 0 jHeat Release - Btu/(h #t*3) 26376.51195 21788.20026 21140.5018
8 0 |Mass Transter Rosistance - % 8,017333902 7.68656060884 7.642138131
81 )DL - em2ss 24780.23883 25260.47681 25338.30004

(¥
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Table 4.17

SLURRY FISCHER-TROPSCH ALTERNATIVE DESIGN

DIMENSIONS

Cooling Tube Design

Diameter, m

Straight Length of Bed, m
Xsect, m2

Head Vol, m3

Head Volume Ettectiveness - %
Tube OD, mm

Tube 1D, mm

Tube Length, m

No. of tubes

Tube Area (OD), m2/tube
Tube Xsect (OD), m2/tube
Tube Area (ID), m2/tube

Net Xsect of Reactor, m2
Total Cooling Surface, m2 (OD)

Reaction Volume, m3 (Effective)

Reaction Volume, m3 (Total)
CONDITIONS - PER REACTOR
Feed Gas Temp., oC
Operating Temp, oC
Operating Pressure, atm
Slurry Concentration, wt%
Gas Hokiup, %

Ligud Density, kg/m3
Particle Density, kg/m3
Slurry Density, kg/m3
Catalyst Loading, kg/m3
Catalyst Weight, kg (Effective)
Catalyst Weight, kg (Total)
FF - kgrmph

TF - kgmph

TF - m3/h

TF - Nm3/h

R/FF Ratio

MW of TF

MW of Effluent

Syngas in TF - %

Syngas Conversior/Pass - %
'-CH2-Production, MTPD
Heat Duty, MW

inlet Superficial Velocity, m/s
GHSV, Nm3/h kgCat

Mass Velocity, kg/h m2
Space Velocity, Nm3/h m3
STY - kg -CH2-/(h kgCat)
STY - kg -CH2-/(h m3)
Heat Flux, kW/m2

10 Reactors
External

4.8

10.97

18.10

28.95

15.00

NA

NA

NA

NA

NA

NA

NA

18.10

NA

202.93

227.54

149
257
28.3
20
15.8
675
3000
798.8
135.9
27460.6
30790.8
2304.2
2813 .4
4479.7
65301
0.2644
20.90
38.04
80.8
80
237.5
39.4
0.069
2.378
60890
322
.360
49

NA

Internal
4.8
10.95
18.10
28.95
15.00
38.1
34
10.95
1444
1.311
0.001140
0.000808
16.45
1893.4
184.48
209.09

149
257
28.3
20
156.3
675
3000
798.8
135.3
24963.7
28293.9
2094.7
2648.5
4072.4
59364
0.2644
20.90
38.04
80.8
80
215.9
35.8
0.069
2.378
55354
322
360
49
18.912

Max Capaclty

internal
4.8
12.07
18.10
28.95
15.00
38.1
34
12.07
1431
1.445
0.001140
0.000908
16.46
2066.8
203.06
227.67

149
257
28.3
20

16
675
3000
798.8
134.2
27250.4
30583.0
2286.5
28911
4445.4
64801
0.2644
20.90
38.04
$0.8
80
235.6
39.1
0.075
2.378
60424
319
.360
48
18.912
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5.0 AREAS NEEDING FURTHER DEVELOPMENT
5.1  Backmixing Effects

One of the key issues left only partially defined in this study is the exact extent of backmixing
effects on scale-up. The effect has been minimized by the choice of 80% rather than 90% as the

design conversion per pass. There may be cases where higher conversions are desired and further
study of backmixing effects is recor ~nded.

Several more detailed slurry reactor models have been developed, and are discussed in Appendices
A and B, which provide solutions to backmixing effects by incorporating axial dispersion
coefficients. In order to use these models for scale-up, it is necessary to obtain axial dispersion
data in a system which is physically and geometrically similar to the proposed design. This means
that pilot plant data arc required over a range of reactor diameters at superficial velocities and

 catalyst concentrations equal to those proposed for design. It is also important that cooling tubes be

incorporated into the reactor design in the same fashion and with the same surface to volume ratio
proposed for the conmercial reactor.

It has not been possible to use published models directly for scale-up because of the way they
handle gas holdup and other factors. All of the models proposed to date use an overly simplified
expression in average gas velocity to estimate gas holdup. Most assume a constant contraction
factor. All use a simplified expression for reaction rate which is first order in hydrogen
concentration. These approaches may well be adequate for design purposes, but pilot plant
cnnﬁnm_mon is needed. in addition, none of the previous experimental work has been at the design
superficial velocity an4 catalyst concentration proposed in this study.

The La Porte reactor offers the possibility of obtaining usefi Jesign information for model
development if converted to Fischer-Tropsch operation. If backmixing effects are indeed
significant, some consideration might be given to installing baffles or trays in the reactor to reduce
backmixing. The presence of suspended catalyst is a potential problem, but if effective baffling can
be provided in a fluidized-bed reactor (as in Mobil's MTG process) then its use in a slurry reactor
may also be feasible.

5.2 Pmmmﬁffm

As discussed in Section 2, Be. atel was unwilling to assurne a linear pressure effect on the GHSV
requirement for a given conversion level as predicted by the Fischer-Tropsch slurry reactor
models. Gulf data on fixed-bed cobalt catalyst indicated that the "catalyst activity" is not linear with
pressure but flattens off at pressures above 200 psia. For design purposes, a square root decrease
in the rate constant with pressure level above 1100 kPa (160 psi) was assumed. Further data wouid
be useful and some may be available in the literature ( see Appendix B - part 3) but further
measurements of the pressure effect at reactor design conditions are recommended.

It would be of interest in future studies to examine the effect of pressure on the reactor cost
comparison. As described in Section 4, a compression step has been added to roughly double the
pressure out of the Shell gasifier before F-T synthesis. It should be possible to gain a rough idea of
the effect of pressure on cost by prorating from this study. The assumption of a square root effect
of pressure on reactor size could then be compared with the linear assumnption. This would set a
reasonable goal for the proposed experimental studies.

5.3  HeatRemoval

By increasing reactor pressure and catalyst concentration, heat removal requirements per unit
reactor volume have been increased to the point where the reactor becomes quite packed - th
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cooling tubes. A double tube sheet design with bayonet tubes has been adopted for this study, but
at some point it may be worth again considering an external cooling loop. External cooling loops
have becn provided in bubble columns in which rapid circulation is provided by the difference in
density between the aerated reactor and the exchanger. No pump is required. As far as is known,
such a design has yet to be applied when a slurry is present, but the concept still seems applicable.

5.4 Improved Catalyst Activity

Allowable space velocity in a methanol reactor is roughly four times that in a F-T reactor,
indicating that there may be room for improvement in F-T catalyst activity. If activity is improved,
the mass transfer resistance will become more limiting. Some guidance could be provided by
estimating the capacity of the reactor if the mass transfer resistance were completely controlling.

Updcr these condi.tions, heat removal would become a problem and an external circulation loop
might be a necessity.

5.5  Use of Steam at Low H2/CO Ratio

The slurry F-T reactor used in this study operates below 0.67 Hy/CO inlet ratio so that the inlet
ratio is less than the expected consumption ratio. This has been compensated for by steam addition.
This concept appears reasonable but it would be useful to have actual data under these conditions.
If it is not feasible, the solution is an extra water gas shift reaction step, ahead of F-T synthesis, as
provided by MITRE.

5.6  Catalyst Activity Maintenance

A primary consideration in choosing a slurry reactor is the expected life of the catalyst. If only a
few months life is expected, thers is considerable incentive to go to a system which can handle
continuous catalyst replacement. This is primarily an operating problem and the relative economics
can be defined by a sensitivity analysis.

5.7  Mixed Alcohols

Design data on the Octamnix process in a sturry reactor are lacking. For one thing, the proper slurry
liquid for mixed alcohol synthesis must be determined. Higher uxygenates will undoubtedly show
some solubility in the hydrocarbon liquid used for the slurry methanol process. If the higher
oxygenates form a stable liquid phas, then a portion of the product could be used for slurry liquid
as ;;]1 the Fischer-Tropsch design. Similar facilities would be required to recover product from
catalyst .

The assumption that GHSV requirement is the same as the fixed-bed may be conservative. Since
the equilibrium limitation is not as severe as when methanci alone is being produced, it may be
possible to take advantage of a somewhat higher average temperature in the slurry reacter to reduce
the GHSV requirement. In this case the height shown for the slurry reactor can be reduced. Unless
the design pressure can be reduced, however, further test work is not recommended.

5.8  Fixed-Bed Modelling

The gas phase fixed-bed reactor can be accurately modelled using stepwise integration procedures
and providing an indication of temperature profiles. The difficult part will be to simulate accurately
the two-phase behavior in the portion of the reactor where condensation is occurring. This is
known to occur in F-T synthesis and, apparently, can also occur in high conversion methanol
synthesis with a stoichiometric feed gas, enhancing the conversion. These phenomena may require
experimental verification before an acceptable model can be developed.

r
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6.0 CAPITAL AND OPERATING COST COMPARISONS

Capital and operating costs differentials have been determined for the slurry and fixed-bed
reactor Fischer-Tropsch processing systems described in Section 4.3. The cost estimates
are for those specific units which are affected by the choice of reactors. Backup in terms of
process flow diagrams, equipment lists, material balances, ovexall steam and water balance
diagrams and utility summaries are given in Appendix F. Capital costs have also been
compared for the slurry and fixed-bed methanol synthesis sections described in Section
4.1. Backup is provided in Appendix E . Appendix E also contains Lurgi material on their

Octamix™ process.

For those plant sections where detailed information is provided, costs were estimated for
each item of major equipment and an overall direct cost was built up by using Bechtel
historical factors for installation labor, bulks and subcontracts. Cost of pertinent Fischer-
Tpopsch upgrading units and utility plants were read off of cost-capacity curves. To these
du"cpt Costs were added the contractor's indirect costs (distributable field costs which are
not identified with any particular process or utility unit) to give the total field cost. An
allowance of 25% was then made for contractor's home office engineering, fee and
contingency to give the total plant investment. Owner's costs, working capital, startup
costs and initial catalyst and chemicals are not included. Import duties on equipment whick:
might be purchased overseas are also not included. Costs are for mid-1990 and represent a
typical U. S. Gulf Coast location, with labor at $16/manhour. These estimates should be
accurate to within £ 25%.

The alternative cases described in Subsections 4.5, 4.6 and 4.7 have not been costed, nor
have the mixed alcohol designs covered in Section 4.2. A preliminary estimate is provided
of the cost savings effected by doubling superficial velocity and slurry concentration for the
slurry reactor over what has been demonstrated experimentally for the Fischer-Tropsch
process.

Because the Fischer-Tropsch cases are of the greatest interest, these will be discussed first.

6.1  Fischer-Tropsch Comparison

As described in Section 4.3, there are key processing differences between the slurry reactor
case and the fixed-bed reactor case. The slurry reactors are operated on low Hp/CO ratio
gas as produced in the Shell gasifiers without shifting whereas the fixed-bed reactors are
operated on 2 to 1 ratio gas which requires shifting and CO; removal. The slurry reactor
thus starts with a distinct advantage in terms of gas preparation. This is partially balanced
by 2 large downstream CO; reznoval requirement. Nevertheless, it would be expected that,
if the reactors are competitive in cost, the overall slurry reactor processing scheme would
show a cost advantage.

In the following subsections, the design of the F-T reactors is reviewed and reactor
drawings and costs are provided for both cases. The slurry reactor benefits from operating
at a higher temperature level and a higher conversion level. Overall reactor dimznsions are
similar but only 6 reactors are required as compared 1 8 fixed-bed reactors. Differential
capital investments and operating costs for the two processing systems are then provided.
Finally, some implications of changes in the reactor design parameters are discussed.

62

LR TR 'm}i‘ ™



ol el

It is emphasized that these capital costs are for those selected process units which differ
depending on which reactor is used, so only the differential costs are truly meaningful.
Reference should be made to the bleck flow diagrams given in Figures 4.2 and 4.3 to see
which units are covered and not covered by the estimate. Using previous Bechtel and
MITRE studies, however, it is possible to put these differentials in perspective relative to
the overall cost of a coal-to-liquids processing scheme.

6.1.1 Reactor Costs

The reactor design bases provided in Tables 4.6 and 4.8 were reviewed by Bechtel
process, mechanical and materials experts who provided the process sizing criteria, material
selection and vessel design basis. The resulting designs are shown in Figure 6.1, for the
slurry reactors, and Figure 6.2, for the tubular-fixed-bed reactors.

These designs are preliminary. There will be specific site-related mechanical design criteria,
for example, that need to be considered. There are also cost optimization factors to consider
such as whether to design to Section VII Division 1 or Division 2 of the ASME code. The
former, used for this design, is more conservative but the latter requires a greater number
of inspections, increasing the cost of manufacture.

Reactor costs were estimated by Bechtel based on cost quotations from related jobs and
studies such as the California Fuel Methanol Cost Study. Confirmation was sought by
obtaining quotations from Deggendorfer Werft und Eisenbau GmbH through their U. S.
representative, the Ferrostaal Corporation. Agreement was good when all factors were
taken into consideration. There is considerable variation, however, depending on the
tightness of the market for equipment and on currency exchange rates.

The delivered cost of the reactors shown in Figures 6.1 and 6.2 is estimated at $2.85 MM
and $4.3 MM, respectively. This cost includes shipping charges at $1000/ton but does not
include any import duty since alternative U.S. sources are available. The lower cost for the
slurry reactor reflects its lower overall weight which results from the simplification of the
bottorn head and the reduction in the weight of heat exchange tubes. Six slurry reactors are
required as compared to eight fixed-bed reactors so the total cost of reactors is $17.1 MM
versus $34.4 MM. The slurry reactor requires a number of auxiliary pieces of equipment
such as cyclones, hydroclones, filters, centrifuges and a catalyst makeup and pretreatment
system. Some of these can be common to a large number of reactors. When all such
equipment is taken into consideration the delivered cost of the reactor systems rises to
$23.3 MM and $35.4 MM, respectively.

6.1.2 Capital Investment

As shown in Table 6.1, a cost savings of $91.4 MM is estimated for a 20,000 BPSD coal-
based Fischer-Tropsch plant using slurry reactors versus a comparable one using fixed-bed
reactors. Some 85% of this savings is identified with the process plants and 15% with the
utility plants. Judging from MITRE's study reported in WP89WO00144-1 (February 1990),
a complete facility of this size starting from coal and producing finished products would
cost in the neighborhood of $1.08 billion (this estimate factors MITRE's total plant
investment of $3.6 billion for an 80,000 BPSD plant by a 0.9 capacity exponert and adds
4% for escalation). Thus the projected cost savings are on the order of 8.5% of the total
plant investment.
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6.1.3 Operating Costs

Comparative operating costs are shown in Table 6.2 and are summarized below:

' Slurry Reactor Fixed-Bed Reactor
Yariable Costs SMM/yr SMMAr
Fuel Gas 12.44 17.58
Raw Water 0.25 0.30
Catalysts and Chemicals 14.04 8.20
Total Variable Costs 26.73 26.08
Fixed Costs’

Maintenance @3% of Investment/yr. 10.66 13.27
Total Selected Operating Costs 37.39 39.38
Operating Cost Differential 1.96

The largest single operating cost items are the fuel gas costs, the F-T catalyst replacement
costs and maintenance. The fuel gas requirements are due to an imbalance in power and
heating demands as compared to what could be supplied by heat recovery, including that
from the gasifier. It was difficult to find a good use for the low pressure steam generated in
the F-T reactors in the fixed-bed case. These initial results indicate that it is not necessary to
achieve as high a synthesis gas utilization to liquid products as was done in this study, if
this would result in a cost reduction.

In calculating the F-T catalyst makeup requirement the slurry reactor case assumes a 60 day
catalyst life, following MITRE's lead. For the fixed-bed reactors a one year life is assumed
since anything less than this would be impractical and inconsistent with a 90% on-stream
factor. It is understood that Sasol dumps the ARGE catalyst more frequently than this but
indications are that Shell expects a reasonable catalyst life in their Middle Distillate Process.
If a one year equivalent life could also be demonstrated for the slurry reactor the operating
cost differential would rise to $9.06 MM/year.

In the slurry r=actor case, 16.1 MW of power are available for export. If a market exists at,
say, 2.5 cents per kWh, this would represent an additional annual revenue of $3.17 MM
for that case. There are also smali differences in the relative distribution of products
between cases as shown in Appendix F. No particular significance can be assigned to these
differences, however, since no attempt was made to identify true differences in yield
between cases. As mentioned in Section 4, the recovery or disposal of oxygenates is a
problem requiring further study in both cases and the assumption of equal oxygenate yields
may be an oversimplification. ‘

6.1.4 Discussion

The development of the capital cost estimates is documented in Table 6.3 where total costs
for each type of equipment and bulks are itemized for both cases. The F-T reactor system
costs given in Subsection 6.1.1 represent 25% of the identified major equipment costs in
the slurry reactor case and 29% in the fixed-bed reactor case.

An alternative case has been developed in which the number of slurry reactors is increased
from 6 to 11. Reactor system costs are now comparable to the fixed-bed case. This

7 Other fixed costs are deemed not to vary between cases.
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increases the cost of the F-T synthesis section from $49 MM to $77 MM and increases total
plant investment from $372 to $411 MM, cutting the differential in favor of the slurry
case from $91 MM to $52 MM. Obviously, it is important to demonstrate that the reactor
design conditions assumed for this study can be achieved.

The present estimate compares roughly as might be expected with MITRE's figures where
a comparison can be made. MITRE's "plant construction cost" corresponds in scope to
Bechtel's "total field cost" but is for a plant four times as large. MITRE's cost for Sulfur
Removal, Shift, Fischer-Tropsch Synthesis, Autothermal Reforming and F-T Catalyst
Preparation is $877 MM. Scaling down by the 0.9 or 1.0 capacity exponent and allowing
4% escalation, this corresponds to a range from $228 to $262 MM. Bechtel's cost for COS
Hydrolysis, Acid Gas Removal, SynGas Compression, F-T synthesis and the F-T gas
plant is $195 MM, at the field cost level, but in the alternate case with 11 reactors this is
increased to $226 MM. MITRE would have used 14 or 15 reactors of roughly comparable
dimensions, but running at lower pressure, for the same capacity.

Increased pressure improves the capacity of either the fixed-bed or slurry reactor. Because

of the superficial velocity limitation, doubling pressure doubles the capacity of a given
diameter slurry reactor (neglecting the area occupied by the cooling tubes). It also doubles
the reactor wall thickness (excluding corrosion allowance). The fixed-bed reactor is more
complicated but a good rule of thumb is that capacity increases as the square root of
pressure, which keeps pressure drop constant. In this case, however, only the wall
thickness of the heads and tube sheet are affected. For this reason, increasing pressure is
expected to be more cost beneficial when using fixed-bed reactors, While the effect of
pressure needs to be examined for both cases, the catalyst activity and selectivity data
available to do so are extremely limited.
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FIGURE 6.1
SLURRY REACTOR DESKGN STUDIES
FISCHER - TROPSCH PLANT
SLURRY REACTOR

24 " MANWAY

1 3/4 iN.

BFW IN
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L TAN
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FEED DISTRIBUTOR
24"
MANWAY 1 ABIN.
ESTIMATED WEIGHT 639 KIPS

10°

NOTES:
(1)DESIGN CONDITIONS- TUBESIDE 580 PSIG,550 F ; SHELLSIDE 460 PSIG 550 F

(2) METALLURGY: SHELL - SA516 GR 70 WITH 18 CA. ; TUBES C.S. CHROMRZED;TUBESHEET A516 GR70 WITH 1/8"C. A
(3) ALL NOZZLES ARE 400 LB CLASS
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Figure 6.2

SLURRY REACTOR DESIGN STUDIES
FISCHER-TROPSCH PLANT
FIXED BED FISCHER-TROPSCH REACTOR

f’ 16"
24 " MANWAY

/\\ 13/8IN.
‘ TAN
e

9602 1.5" O.D. =] 4
TUBES

12-0_—_

34 1IN, =~

43FT9IN

TAN

1.5 IN.

TAN

ESTIMATED WT 961 KIPS

10 6"

NOTES:

(1)DESIGN CONDITIONS- TUBESIDE 580 PSIG,550 F ; SHELLSIDE 600 PSIG 550 F
(2) METALLURGY: SHELL - SA516 GR 70 WITH 1/8° C.A. ; TUBES C.S. CHROMIZED; TUBESHEET A516 GR 70 WITH 1/8" CA
(3) ALL NOZZLES ARE 300LB CLASS
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Process Plants

Shift Conversion

COS Hydrolysis

Acid Gas Removal
SynGas Compression
F-T Synthesis

F-T Gas Plant

- CO2 Removal
Subtotal from Lists

Ists

Catalytic Polymerization
HGO Hydrotreater
Gasoline Alkylation
Subtotal from Curves
Subtotal Onsites

Power Generation
Cooling Water

Waste Water Treatment
Raw Water Treatment
Sour Water Stripping
Subtotal Offsites
Total Direct Cost
Contractor's Indirects
Total Field Cost
Eng'ng + Cont. @ 25%
Total Project Cost
Cost Differential

Table 6.1

Capital Cost Comparison
Fischer-Tropsch Cases - Selected Units

$Millions

Slurry Reactor

Z
S

-
N L pOWONLW

i IF Ty .

[y

BPSD
1249
356
1409

[
GO Pt

Capacity
61.4 MW
221 Mgpm
1900 gpm
6640 gpm
461 gpm

[ 5 L
Qewad — e N BN
RIAWRODUNOS
PaWwaOoaoo s

372.0
91.4

Fixed-Bed Reactor

ZN
>

B e LI OO — O

(1S4

BPSD
1674
249
2136

NWIOUL XA~
N hO pLER—O

[ 8]
&

Capacity
16.5 422MW
18.9 209 Mgpm
18.3 3200 gpm
14,2 7788 gpm
17.4 1036 gpm
85.2
327.4
43.3
3706.7
92.7
463.4
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Table 6.2

Fischer-Tropsch Operating Costs

Selected Cost Items
90% On-Stream Factor
' ‘ Slurry Reactor
Fuel Gas $2.50/MMBtu 631 MMBw 12.44
Raw Water $0.08/MGal 398 MGal 0.25
Catalysts
COS Hydr.  $377/CF 18.5 CF 2.30
CO Shift $242.5/CF NA
F-T $2.23/Lb. 11.8 Mib. 8.69
(60 day life)
Subtotal Catalysts 10.99
Chemicals
Selexol $2.00/1b. 98.3 Ib. 0.07
Rectisol $0.06/1b. NA
MEA $0.56/1b. 4277 1b. 0.79
Offsites Chemicals (unit cost is cost per gpm treated)
Water Trtg. ' 0.90
Raw $10/yr 6638 gpm
Demin. $1086/yr 657 gpm
BFW $1518/yr 84 gpm
Cooling Twr.  $907/yr 1304 gpm 1.25
Effl. Trig. $43/yr 866 gpm 0.04
Subtotal Chemicals 3.08
Total Variable Costs 26.73
Fixed Costs  @3% of Investment/yr. 10.66
Total Selected Operating Costs 37.39
30.29

Total with 1 yr F-T life

£0

v

Fixcd-'Bed Reactor

Quantity/hr ~ SMM/vr
892 MMBm  17.58

467 MGal 0.30
NA
8.9 CF 0.71
5.3 Mib. 3.90
(1 year life)
4.61
NA
5506 1b. 0.11
645 1b. 0.12
2.10
7788 gpm
1743 gpm
84 gpm
1273 gpm 1.22
859 gpm 0.04
3.59
26.08
13.27
39.35
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Table 6.3
Fischer-Tropsch Equipment Cost Summary

(Including Installation Labor)
All Plants
‘ Slurry Reactor Fixed-Bed Reactor
Major Equipment MM MM
Pressure Vessels 40.32 54.16
Tanks 1.31 0.55
Exchangers 30.08 43.15
Fired Heaters 0.50 0.90
Pumps and Drivers 211 1.96
Compressors 18.83 24.65
Package Equipment 2.57
Total Major Equipment 95.71 125.38
Bulks 78.15 103.05
Total Direct Cost 173.87 228.43



6.2

Methanol and Mixed Alcohols

The block flow diagram for both types of reactors is given in Figure 4.1. As described in
Section 4.1, only the methanol synthesis loop differs between cases. Methanol production
is identical at 1488 tonnes per day (1640 short tons per day). The prucess flow diagram
and equipment list for the methanol cases can be found in Appendix E,

In order to achieve capacity, the slurry reactor is operated at a pressure of 10,000 kPa and a
recycle to fresh feed ratio of 2.2. The fixed-bed reactor operates at 5600 kPa. While the
fixed-bed design is for a recycle to fresh feed ratio of 3 to 1, Lurgi has advised thata 4 to 1
ratio is required but that the pressure balance can remain as shown. This is not reflected in

the equipment lists but adjustments have been made to the final cost estimate which allow
for the resulting change in capacity of the recycle compressor and exchangers.

Methanol presents an entirely different situation than Fischer-Tropsch since conversion per
pass is limited by equilibrium. To achieve high ultimate conversions to methanol a recycle
operation is required. High pressure is needed to achieve capacity in a slurry reactor and
this is a serious disadvantage since the vessel walls become very thick and feed gas

compression is required. Recycle operation, however, suits the fixed-bed design very well.
With a stoichiometric feed gas, operation at the pressure level available from a Texaco
gasifier is possible and has actually been dernonstrated at the Tennessee-Eastman facility.

The design of the slurry methanol reacior is provided in Figure 6.3, but the design of the

tubular fixed-bed reactor is proprietary to Lurgi. Overall reactor dimensions are 4.8 m 1.D.

by 7.5 m T-T height for the fixed-bed reactor and 4.8 m I.D. by 16.25 m T-T height for the
slurry reactor. The slurry reactor shell is designed for 11000 kPa (1600 psig), whereas the
fixed-bed shell is designed for a maximum steam |

Delivered cost of the fixed-bed reactor is estirnated

pressure of 4700 kPa (675 psig).

| at $4.6 MM, that of the slurry reactor, at
costs is given in Table 6.4.

$7.9 MM. This includes shipping at $1000/ton. The slurry reactor synthesis loop requires a
.cyclone, filters, pumps and a catalyst prereduction system. All in all the slurry reactor

feed gas compressor and auxiliary slurry handling equipment such as holding tanks, a

system is projected to cost $41 MM and the fixed-bed system $23 MM. The breakdown on

Several comments are necessary on this result. The slurry reactor has not been proposed

seriously for recycle type methanol operations but rather has been aimed at coproduction of
methanol and power via a once-through operation, at low conversion, on gas without

H/CO ratio adjustment. Pressure can be on the order of 5600 kPa with little reduction in
capacity since there is no recycle. In addition, it is understood that Air Products feels that

superficial velocity can be increased up to 0.25 m/s. All these factors will reduce the cost.
It would be of interest to compare the fixed-bed and slurry reactors for once-through
methanol operation if appropriate data can be obtained from the licensors of the technology.
While it is conceivable that the fixed-bed reactor could be operated under such conditions
there is no publicly available data on which to base a design.

The fixed-bed reactor is operated under low Ha/CO ratio conditions in Lurgi's Octamix™
process and the design of such a system is provided in Appendix E. This proposed new
technology is a low space velocity, recycle ope

alcohols as a superior automotive fuel. As described in Section 4.2,
of the slurry reactor for this

ration intentionally producing mixed
altered in the direction of hi

Wi i

the economic potential

of operation depends on whether design conditions can be

er temperature and higher space velocity as shown in Table

4.2. Tt would also be essential for an economically competitive design to be able to run at a

7
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lower operating pressure than the 99 atmospheres specified by Lurgi, because of the effect
of pressure on the shell thickness of a slurry reactor, Bechtel's conclusion is that the mixed
alcohols application does not appear worth pursuing further,



Figure 6.3
SLURRY REACTOR DESIGN STUDIES
METHANOL PLANT
SLURRY REACTOR
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Major Equipment

Pressure Vessels

Tanks

. Exchangers

Pumps and Drivers
Compresso::

Package Equipment

Total Major Equipment

Bulks

Total Direct Cost
Ccatractor's Indirects
Total Field Cost
Eng'ng + Cont. @ 25%
Total Project Cost
Cost Differential

Table 6.4

Methanol Synthesis Section
Equipment Cost Summary
(Including Installation Labor)

Slurry Reactor

$MM
8.81
(.09
0.71
0.28
5.86
0.43

16.18

13.24

29.42
3.43

32.85
8.21

41.06

18.12

Fixed-Bed Reactor
$MM
5.05
0.24
1.68
0.04
2.26

9.02
7.39

16.41
1.94

18.35
4.59

22.94
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Table of Nomenclature

gas-liquid interfacial area, m-!
Bode ~stein Number = dr2-pL-g/oL
heat capacity of the fluid, Btw/(1b-°F)
pressure drop coefficient in ft-hr2/in2
catalyst concentration, kg/m3
hydrogen concentration in gas phase, kg mole/m3
hydrogen concentration,liquid, in equilibrium with gas, kg mole/m3
hydrogen concentration in the liquid phase, kg mole/m3
effective particle diameter, ft
1.D. of reactor, cm
internal tube diameter (fixed-bed), ft
diffusivity of component A, m2/s
Axial dispersion coefficient, cm?/s
diffusivity of hydrogen, m?/s
friction factor dependent on the modified Reynolds Number, dG/u
Froude Number = ug2/(g-dg)
gravitational acceleration in consistent units
superficial mass velocity, 1b/(h-ft2).
Gas hourly space velocity, Nm3 (Ha+CO)/th - m3 reactor volume], (reactor volume
is expanded slurry height times cross section area)
heat transfer coefficient, Bru/(h.ft2-°F) or W/(m2-s)
solubility coefficient of hydrogen = CHG/C*HL
Henry's law constant, kPa-cm3/mol
Inlet rato of CO/Hp
thermal conductivity, Btu/(h-ft2-°F/ft) or equivalent SI units
overall reaction rate constant defined by 1/Ka = 1/kLa + 1/kr€L
rate constarii in volume/(unit volume - time) for Ha, kr = kg = k'y-(kgCat/m
liquid side mass transfer coefficient, m/s
effective reaction rate constant for hydrogen consumption, s°1
(note that to agree with space velocity in Nm3/[s-kgCat], ky = ky"C'Cat
rate constant for hydrogen in volume/(mass catalyst - time), m3/[kgs]
Length of expanded slurry bed or of fixed-bed, m or ft
pressure, kPa
rate of hydrogen consumpuon, 1 = kH-CHL, kg moles/[m3-s]
Stanton Number = -KA/SV
Space velocity in actual m?3 inlet gas/{s'm3]
temperature, °K
superficial gas velocity, c/s or m/s
inlet supcxﬁcialcgss /I}rclocizy
tio of
E;gxg:g?n fractional gonvctsion per pass (If U =1, XH = XCO)

contraction factor, a={m3/s(XH,+C0=1)-m%/s(inlet)}/[m3/s(inlet)]

3)

75




contraction factor modified for H2 conversion, a* = o-(1+U)/(1+])

pressure drop, psi or equivalent SI units

fractional gas hold-up .
fractional liquid hold-up

liquid viscosity, poise or 1b/(h-ft)

pL  liquid density, g/cm3 or Ib/ft3

oL surface tension, N/m

e 8 B8
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APPENDIX A

SLURRY REACTOR DESIGN STUDIES

A. Akgerman R-eports
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Effect of H/CO Ratio on Fischer-Tropsch
Synthesis Reaction (Slurry vs Fixed-Bed)
"The Boudouard

Reaction"

The Boudouard Reaction is the carbon formation from CO, and is given by:

2C0 & COy+C

This carbon formation is associated with catalyst particle swelling and formation of graphite
nuclei within the catalyst crystallites that create stresses which disintegrate the particle
which eventually leads to bed plugging, maldistribution of the feed, and hot spots. In
Fischer-Tropsch synthesis on fixed-bed, gas phase reactors, as the H/CO ratio® goes down
and the temperature increases, the selectivity to the Boudouard reaction increases. For this
reason, fixed bed Fischer-Tropsch synthesis reactor is run at sufficiently low temperatures
and with high H/CO ratios, SASOL reportedly uses H/CO ratios of about 6 [Dry 1980; Dry
et. al. (1976); Stern et. al. (1983)].

Dry has correlated the rate of coke formation with (Pco/Pu3) (Dry et al., 1976) and with
(Pco/Pu2) (Dry, 1980) where Pj are the partial pressures. So the rate of coke formation,
rc is given by:

rc=k- PcoPy3) or k' Pco/Pu?)

Thus when the H/CO ratio decreases from 2 to 1, the coke formation rate increases from
0.25k' to k'. Dry (1980) shows the temperature dependency of k', at a temperature T},
k'= 1.0 and at T2, k'=2.0. The temperatures are not specified in that study.

For a fixed bed reactor operating in the gas phase, the rate of coke formation should be
applied integrally over the whole length of catalyst bed to derive the overall carbon
deposition rate. As conversion by the F-T reaction increases down the reactor, H/CO ratio
decreases resulting in higher rates of coke formation as we go down the reactor. However,
higher temperatures are experienced at the inlet which also increases the rate of coke

8 In this writeup, H2 is abbreviated as H.

1
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formation. Dry (1980) indicates that the rate of coke formation is approximately constant
over the whole bed. However, he studied H/CO ratios of 4-6, which are much higher than
the desired ratio of 0.7-1.

Wheua ihe process is carried in a slurry reactor, the effective H/CO ratio the catalyst sees is

the \'Wﬂ(&)v}'}ﬁﬂ"d}i()ﬂ in the liquid phase which is controlled by the vapor-liquid equilibrium and
the mass transfer rates,

If the reaction is kinetics-controlled, i.e., the reaction rate is slow enough so that the
concentration in the liquid phase is uniform, then the effective H/CO ratio the catalyst
particle sees is the ratio of solubilities of hydrogen and CO in the liquid phase. If we
assume Henry's Law,

Pi = H;-G4
then the solubility ratio Cy/Ccp is given by,
Ch/Cco = (Pu/Hp) -(Hco/Pco) = (Pu/Pco) (Hco/Hh)
The data on the Henry's Law constants are somewhat scattered:

Stern et al. (1983) give Hoo/Hy = 0.75 based on Peter and Weinert's classic work
(Peter & Weinert 1955).

Air Products Report gives Hco = 0.91 for methanol synthesis in liquid Freezene-
100.

Matsumoto and Satterfield (1984) veport:

Heo/Hy  =0.91 for octacosane at 250 °C
= 1.08 for ph :nanthene at 250 °C

Deckwer, etal.give Hco/Hy =1.60 at 250 °C
Based on these values, for Py/Pco = 0.7,

Cu/Ceo =0.5 - 112

2
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Therefore, if we have reaction control, the effective H/CO concentration the particle sees
would not be much different from a gas phase reaction.

At the other extreme, if the reaction is mass transfer controlled, then the mass flux would
be:

Ji=-D;- dCj/dx) =-1; - (ACi/ 8) =Di-Cy
What the catalyst sees would be the flux ratio, Ju/Jco
Julco= (Du/Dco) (Cu/Cco )= Ou/Dco ) (Heo My ) (PH/Pco)
We have measured the diffusion coefficient of hydrogen and CO in octacosane, and in F-T
wax, Dy/Dco is about 3.0 at F-T conditions. Hence, for Py/Pco = 0.7 the flux ratio
(Akgerman 1988):

Jullco= 1.5-3.36

depending on the values of the Henry's Law Constants. Thus the catalyst sees a higher

. concentration ratio than the gas phase.

If the process is gas-liquid mass transfer controlled, then the H/CO ratio the catalyst sees
would be the ratio of mass transfer coefficients:

(kagy(kaco)y o  DO376 Hughmark, 1962
a p0.6 Akita & Yoshida, 1973
a p0.667 Calderbank & Moo Young, 1961
where D is the ratio Dy/Dco.

Using a value of Dy/Dco = 3.0,
(kLa 1)/ (kra co) = 1.5-2.0

dcpending on the mass transfer coefficient calculation.

|
"w

(¥ ]

i\

:il:“\
i

"

|

uwm




Thus, for mass transfer control, the H/CO ratio the catalyst particle sees is significantly
higher than the ratio in the gas phase, ‘

The above analysis is valid for Fischer-Tropsch or methanol synthesis. However, the ’
Boudouard reaction is active on an iron catalyst with iron carbide sites. Therefore, it is

important for the F-T reaction only. There is no reference to the Boudouard reaction on

methanol synthesis catalyst, The choice of slurry reactor there is based on superior heat

transfer characteristics and higher conversion per pass due to shift of kinetic equilibrium.

References:

Akgerman, A., Final Report, DE-AC22-84PC70032, 1988

Akita, K. F. Yoshida, Ind. Eng. Chem.. Process Des. Dev., 12, 76 (1973)
Calderbank, P.H., M. B. Moo Young, Chem Eng. Sci., 16, 39 (1961)
Dry, M.E., Hydrocarbon Processing, February 1980, pp. 92-94

Dry, M. E,, Ind. Eng. Chem. Proc. Res. Dev., 15, 282 (1976)

Hughmark, G. A., Ind. Eng Chem,, Proc, Des Dev., 6, 218 (1967)
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(1985)
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DESIGN OF SLURRY REACTORS

Suspension of the Solids

Reference! Roy, N. K., D. K. Guha, M, N. Rao. "Suspension of Solids
in a Bubbling Liquid; Critical Gas Flow Rates for Complete Suspen-
sion", Chenm S Sci, 19, 215 (1964).

Roy et al. derived a correlation, using dimensional analysis, for
critical solid hold up, 4i.e. the maximum amount that can be kept in

complete suspension for a given slurry reactor.

u

-0.18 ~3,0
—4 ~0.23 [ Y [T 1 :
Hy = 6.84 x 107" ¢ Np N, [ - ] [ v ]

for Re < 500

-0.18 -3.0
-1 0.2, -0.23 | " 1
Hy = 1.072 x 107~ ¢, N Ny [ ] [ " }

F
o ot

for Re > 600

H « Critical Solids hold-up (weight portion of solids)
- - 2
C = 1 - 5.892 x 10 1 log B+ 1.026 x 10 1(log uL) where By is the
liquid viscosity in cP.

1o gl
N, = gas phase Reynolds number based on superficial velocity —

B
dT w column diameter

p_ = gas density
u_ = gas superficial velocity based on empty cross section area

p_ = gas viscosity

B

N - Lz

B u
g'L

(03]
W)
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L surface tension of liquid

ﬁg = gas holdup
ug = bubble velocity, ug/eg

2

gd = (o, = py) .
u_ = Stoke’s free settling velocity = E
t 18 By

dp - particle diameter
Pe = solid density

: L = liquid density

11 = wettability factor, taken unity for most catalysts.

I have used

ug - 0.41 - 0,5 ft/s 7' =« 1.0

B, = 2 cp v 7 x 1070 g/em’
L Pg - B

oL = 16.5 dynes/cm

P = 1.7

Py = 0.8

and the dimension of the La Porte reactor, this gives a solids loading
(max) of 65%. So up to 45% solids should be eusy to suspend.
Resign Model

Both the F-T synthesis and the MeOH synthesis in slurry reactor
involve gas phase reactants dissolving in the liquid, diffusing to the
catalyst particle and reaction on the catalyst surface. Since the
catalyst particles are small, ~504, internal diffusion effects would
probably be negligible; an effectiveness factor of unity. However,
this assumption can be relaxed if needed.

The Thiele modulus for a 1gf order reaction is

o
=




i Bt A

Ottt sner——

g_LJB__!S_..

eff

Deckwer et al. (Chem. Eng. Sci., 36, 765 (1981)) give an overall

first order rate constant of 0.02 - 0.4 s—1 (based on synthesis gas

consumption) for Fischer-Tropsch. The constant is 0,01 - 0.2 s“l for

hydrogen consumption. >

50 x 10“A cm/6 for spherical particles

w54 x 107 cm’/s L = 50 pm/6 =

DHQ-slurry

_50x 10 07

] « 0,016
6 54 % 107
which correpsonds to an effectiveness factor of unity. For k = 0.01
s-l, § = 0,004; thus the internal diffusion effects are probably
negligible. For methanol synthesis, there is nc simple 1lst order

pseudo rate expression. However, one can use the Weisz Modulus

2
2 R - L
3 eff’
Where R is the rate, Cs is the surface concentration. 1f & < 0.
pore diffusion effects zre negligible. There is a rate expression

given by v. Wedel et &l. von Wedel, W., S. Ledakowicz, W. D. Deckwer,

Chem, Eng, Sci. 43, 2169 (1988). Which correlates data from 7

gources.

0.4 ,0.18

7 10
R =~ 1,98 x 10 exp(—56343/RT)PH2 PCO

-2.15x 10

exp(~85930/RT)Pgégz

0
[$2]

015,




gives & = 7 x 10

if we take the maximum value of the rate, at the reactor entrance,

then the second term can be neglected. At a total pressure of 1000

psia (6.895 MPa), 250C (523K) and H/CO ratio of 0.7, ’
Rate = 91,18 kmol/kg h

Using L = R/3, 25 pm/3

100 kmol

3
m

CS = Hydrogen solubility at these conditions =

- 50 x 1070 cn?/s
—{}

Deff
If we use the rate expression given by Alr Products, R = 89.55 mol/kg h
which will give a similar &. (Note: 1 have interpreted the "mol" in
rate expression as "kmol", if they are taken as "g mol" then & is even
smaller).  So for all practical purposes, we can safely assume that
the internal diffusion effects are negligible for 50 um particles both
for the Fischer Tropsch and the methanol synthesis reaction.
es £ : - m
References:
Chaudhari, R. V., P. A. Ramachandran, AIChEJ, 26, 177 (1980).
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{1988).
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Deckwer, W. D., in "Chemical Reactor Design and Technology®, H. 1. de
Lasa, Editor, Martinus Nijhoff Pub., NATO ASI Series E - No. 110, pp.
411-461, 1986,

In the following analysis, I have first developed a simple model
to estimate the effects of various parameters, which is then extended
to a more realistic model.

The simple model assumes plug flow in the gas phase and perfectly
mixed liquld phase. This would be a realistic model at high pgas
velocities and at low column height/diameter ratios. Our analysis is
based on material balance equations for a single component, although

they have to be written for each reactant.

Gas phase;
d)
- u —iﬂ -k a (P, - P,.)
g dz g A Al
ug: pgas velocity
PA: partial pressure
PAi: interface concentration

kga: gas side mass transfer coeff, x area,
But by Henry's Law PAi - HAcAi and through steady state as-

sumption

ko (P = Pyl = ka(Cyy = Cp)

vhere kLn is the 1liquid side resistance, CA is the 1liquid

concentration and CA1 interface concentration at the liquid side.

If the equations are solved eliminating cAi and PAi

0]
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Al

dPA 1

o 7\
Mgdz T 1 ﬁ; Oy | KA, H, Ca
k kLa

wvhere (KLa)A is the overall resistance.

If we assume that the liquid phase is perfectly mixed, then C, #
f(z) and the above equation can be integrated with the inlet condition
at z = 0 PA o PAO yielding

P, - H,C (

A~ A% K8
o - exp(~qu) where O " TH
- HAC

PA E A

The partial pressure at the column exit, at z = L is Pi.

(o]
. Py = P,° exp(-u,l) + HACA(I - exp(~a,L))

The average rate of absorption is then given by

Ry = ———— where t is the residence time
and T = v Q_ : gas flow rate
Qg v8 . total slurry veolume

QH p,°
- LA - AL
S 1 | [

This absorption rate is the mass transfer rate from the bulk of the
gas to the bulk of the liquid. This rate should equal to the rate of

mass transfer to the surface of the catalyst particle.
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TRy = (ka), (C) = Cyg)
QH p°
- BB - A
v (1 exp(—aAL)) [ HA CA ]

Eliminating CA between these equations yields

(o]
R, - 1 A
A 1 L 1 H AS

QEHA
v

(1 - exp(~uAL)) (ksap)A

Now the total driving force is the difference between the inlet

concentration and the surface concentration.

o

P
A
We can write RA - (M.T.R)A [ HA - CAS ]

where the mass transfer resistance for A is given by

-1
1 1 )
M. T.R), = [ +
A QH (k a ) }
_zvﬂ, (1 - exp(-a,L) s pA
we e e is e t

a. I1f gases are sparingly soluable HA >> 1.0

1 1
<<
HAkga kLa

and then (KLA)A - (kLa)A and a, << 1
then exp("uAL) - ] - aAL

and

89



1
and (M.T.R)A - [ (kLa>A + (ksap)

QH
B A - -
v (1 ~ exp(-a,L)) v

u_ - Area V = Area X L
g QE/

QH,
N *%—~ (1L - exp(—uaL)) o~ kLa

This indicates that varying the gas phase concentration will not

affect the M. T.R

b.

If the gases are highly soluble

HA << 1.0

‘., exp (~al) = O

H.Q QH
and -%—5 (1 - exp(-a,l)) = —%—ﬁ

-1
v 1
and (M.T.R), =
A [ Qea (K804 ]

- (ksap)A for most cases

If there is

a component B, the second reactant, we have similar equations

PO

R, = vR, = (M.T.R) [ﬁi— - ¢y, }

with

90

Y



1

1 -1

(M.T.R)p = e
—3-5 (1 —exp(~apL)

First Order Reaction

rA - erAs W

Since RA L o

k_ = rate constant in t
w
r

+
(ka )y

1

= catalyst mass/unit volume
= rXn rate.

A
PAO
(M.T.R)A [ ﬁ;ﬂ - cAS ] - wkr CAS
eliminate CAS
o o
A A HA (M.T R)A wkr HA

where K is the overall rate constant

1
K= [ nQ +

LB 1 - exp (u,L))

Let's analyze K
For Fischer-Tropsch
literature indicates that the

HAQ
v (1= exp(-a,L)) = (ka),

-1
K [ 1 + 1 + 1 ]
kLa k a wk
s p T

91

and Methanol Synthesis

A U
(ksap)A wkr

reaction
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where kr is a pseudo first order rate constant.

For Fischer-Tropsch and MeOH synthesis the physicochemical properties

of the liquid phase is about the same,

kLa : Although there are many correlations, all the data in
the literature indicate that kja = 0.1 - 0.2 s—1 the
maximum value reported being kLa - 0.4 s—l‘

ksap : We use the correlation by Sanger & Deckwer (Sanger,

P., W. D. Deckwer, Chem, Eng, J.,6 22, 179 (1981)).

1/3 ed 4 0.264 ksd
Sh = 2.0 + 0.545 Sc —5 sh: =SB
v
VvV
with € = ug N 4 Sc: )
-5 2 . ‘ -5 2
Using D = 50 x 10 em“/s for H,, 20 x 10 ~ em" /s for CO
& 2
B = 2cp
py = 0.8 g/cm3
L .
dp = 50 um

u= 0.5 ft/s « 15 cm/s
g = 980 cm/s2

{Sh) - 3,74 k « 0.374 cm/s
H2 8

(Sh) g = 437 k, = 0.175 en/s

The liquid-solid interphase area up is

10
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For 35% loading, 50um particles ap = 420 c:m“1

. k_a_ = 157 for H
s p 2

74 for CO,

wkr : The reported values of wkr vary in the literature. For

Fischer Tropsch Reaction, it is in the range 0.02 - 0.4 s_1

as mentioned on p. 3 of this report

-1
1 1 1

K=l oT-07 *7%-157* 002 -0.2
Obviously, ksap >> kLa and wkr and hence the liquid solid mass
transfer resistance can be neglected in analysis. kLa is a strong

function of solids suspension, solid loading, gas holdup, etc., and

its value may decrease by an order of magnitude making it the

controlling resistance. However, the reactor design should include

both the gas-liquid mass transfer and the reaction rate terms.

Liquid-solid mass transfer and diffusion into solid particle may be

neglected based on the analysis presented in previous pages. Relative

magnitude of these resistances will not change if a more complicated

rate and hydredynamic model is employed.

Design Equations - Model Development

Assumption

1. Plug flow in the gas phase - justified in terms of the high gas
velocities.

2. Axial Dispersion in the liquid phase

11
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3. Isothermal

4, Non-uniform catalyst distribution =+ wuse of sedimentation

dispersion model.

5. Constant pressure -~ implies the influence of hydrostatic head
gas expansion and fluid properties 1s negligible.

6. Change in gas flow rate due to gas consumption and change

number of moles.

7. Change in gas holdup along the reactor.

A. GAS PHASE

7
az (WgPy) — (g2, [ ﬁ; = Ca ] -0

Py
az (MgPg) ~ (g [ E; - Gy ] =0

B. LIQUID PHASE

2
eLDLdzA-t-(kLa)A(;é-- uLE?-A-cR 0
dz A
is8 0 4f liguid “rxn ra*e
batch term
2 - \/
da“cy Py f dcy
‘L o (kg a)y [ﬁ;'cn ] TU e TR
stoichiometric
cosfficiant

The variable gas velocity is given by

u; - uGo(l + axA+B)
Q at x -1~-Q atx -0
a is the contraction factor = —& A+B ¥ A A+B
Q at x - 0
A+B
12
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Xp+B is the total synthesis gas comnversion Xyeco

Qg = volumetric flow rate of gas
Ugo ™ inlet superficial gas velocity

Xa+B 1s related to x, or Xp, conversion of A or B, through the usage

ratio and inlet molar ratio.

e S
A+B 1+1B A 1+IA B

change in # of moles of B U - 1
change in # of moles of A ' "A UB

UB = usage ratio =
IB = inlet B/A molar ratio (IA = A/B ratio)

uGoon ” uGyA
uGoon

x, = conversion of A =

Yao and y, are A mole fraction at the inlet and at z, in the gas

uGyA-—-l--G.y_
uGoon G

Xy = 1=

where EG and ;A are dimensionless gas velocity and mole fraction
These equations can be put in dimensionless form for
dimensionless profiles
(See Deckwer et al., Ind. & Eng, Chem., Process Des, Dev, 21, 231
(1982).)
Solids Plspersion
An important phenomenon in bubble column slurry reactors is the

suspension and axial dispersion of solids.  For bubble column slurry

13
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operation two suspension states may exist; namely complete suspension
in which all particles are in suspension and homogeneous suspension in
which particle concentration is uniform throughout the reactor. We
have already presented the criteria of Roy et al. (1964) for
determining the maximum amount of solids that can be kept in complete
suspension for a given operating condition and have shown that for
Fischer-Tropsch and Methanol Synthesi$ reactors, theoretically up to
60t can be suspended.

In bubble column slurry reactors there is a solids distribution
with height.
Reference: Kato, Y., A. Nishiwaki, T. Fukuda, S. Touka, J. _Chem,
Eng., Japan, 5, 112 (1972),
The solids distribution effect is more significant in columns with
large L/dt ratios. The effect of this profile on reaction rate 1is
obvious, if the catalyst particles are not well dispersed, the reactor
space time ylelds will suffer.

Normally, f£for catalytic reactors, the reaction rate is expressed

in terms of

R = moles product
unit weight catalyst x time

If there is uniform catalyst loading, this quantity R multiplied by
the total denzity of the catalyst in weight/volume, yields the reactor
size for a specified conversion. 1f the catalyst dispersion is not
uniform: i.e., there is a catalyst concentration profile in the
reactor; then, in the model equations, instead of R, one must use

R-C where Ccat is the catalyst concentration in weight/volume, and
ca

t

14
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For slurry bubble

equation over the reactor length.

integrate the
columns this concentration can be calculated from the dispersion/sedi-

mentation model. For batch suspension, this model yields

dZC dC
cat cat
Dc 2 + ucq -0
dz T dz

Dc = dispersion coefficient for the catalyst particles
“u = settling velocity of catalyst particles

cs
The solution of this equation, with the appropriate

For Batch Slurry:

boundary conditions yields

u_ 2
ucsL exp {— bc ]
Ccat(z) - (Ccat)avg. D u_ L
C ) ex { _ _es ]
P D
c

is the mean catalyst concentration.

where (Ccat)avg‘
1f the liquid is also flowing, the equation then becomes

2
. 4 Ceat sy - L 9Ceat _ 0
') 2 cs 1 - ¢ dz
dz B
(Reference: Ozturk, S. S., Y. T. Shah, W. D. Deckwer, Chem, Eng, J..

37, 177 (1988)).

the solution then beccmes

cs
exp D Dc(l —eq

Ccat = (Ccat)feed L [ ]
2l gy e e
Dc cs 1 ‘G
15
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In these equations, the two parameters are Dc and u..

1.

Calculation of Dc (Kato, et al. 1972)

quR 13 Fr

D, 1 + 8Fc0

85

ug = Bas superficial velocity

dR = reactor column diameter

Yg
Fr « Froude number, =

(g 420"

Calculation of the settling velocity in a particle swarm,

w. 10.25 (1 - ¢ 2.5
1.2 u - o i
cs st ust 1 - ¢

V) -
sl
U, - terminal settling velocity according to Stoke's Law
*
€, - volume fraction of solids in the bubble free suspension

€~ the value of c: at 0.1 g/cm3 solids conc.

To calculate u
st

u d
RQ__S_C___R

1 4
dp = particle diameter

v = kinematic viscosity of the liquid

Ar
Re = 18 if Re £ 0.5
16

98



Ax 0.7
Re = 139 if Re > 0.5

where Ar is the Archimedes number given by

3
e? (Pgr ~ Pp)BYP
2
L

Ar

Py = liquid density

pcat = catalyst density (particle density)

B - fluid viscosity
With the knowledge of Dc and U.g the solids (catalyst) concentration
profile in a suspension reactor can be calculated for wvarious
operating conditions (uG. uy dR’ etc.). This information is
important for process optimization and yield estimation.

Validity of the sedimentation dispersion model was confirmed by
several investigators. At low Froude numbers and for large particle

diameters Kato et al. (1972) observed significant deviation from the

equation

quR ) 13 Fr

Dc 1 +8 Fr0'85

which can be accounted for by incorporating the particle Reynolds
pumber in the correlation. However, this should not be necessary for
F-T Synthesis’' and Methanol Synthesis Reaction. So, for these cases
-0.8)

. F
quR _ 13Fr (1 + 0.009 Rep r

D, 1+ 8 Fro 8

17
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Thus, 4in the equations presented on page 12, the RA terms should

be multiplied by Cca to get the real profiles,

t

of the arame
As we have shown already, of the mass transfer coefficients, we
only need kLA since ksap >> kLa. In addition we need the gas and the

liquid holdup, the axial dispersion coefficient D, and the relavant

L
parameters in the correlations.

A a is n e ie

Ref: Y. T. Shah and W. D. Deckwer, Scale-up Aspects of Fluid-

Fluid Reactions, in "Scale-up in Chemical Process Industries”,
R. Kabel and A. J, Bisio, Editors, Wiley, New York, 1986.

For mnon-flowing liquid phase (batch slurry with gas flow) they

give
u L uG2 0.34
Do = 2.83 | —-
1L gdp

u; = mean linear gas velocity

DL = axial dispersion coefficient
L = column length

€ = liquid holdup = 1 ~ €ar
g = acceleration of gravity, 980 cm/s2
dR = column diameter.

Another correlation is

0.32 1.3 2
DL = 3,676 ug dR cm /8

in this equation u, is in cm/s d, in cm.

G R

18
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The Mass Transfer Coefficient. k a

Some authors (for example Alvarez-Cuenca et al., 1980) have
reported the dependence of kLa on the liquid flow rate. However, it
has been shown by Barckhart and Deckwer (1976) that this effect
results from using the NTU method for the data evaluation, which
assumes>plug flow for both phases in a bubble coluam.

There are numerous correlations in the literature to determine
kLa. Most widely accepted ones are given btelow.

a. Akita and Yoshida, 1973

Ref: Akita, K., F. Yoshida, Ind, Eng, Chem,, Process Des
Dev,, 12, 76(1973).

2 .

_(__kl_iié.‘f&f o [il_« ]0.5 [E-dR pL]O.62 [ng3 }0.31 [ c ]1.1
b ‘ G

D o 2
A A L L

v
dR « column diameter

D, = diffusion coefficent of A in the liguid
v, = kinetic viscosity of the liquid

w ligquid density

g = gravitational constant

o, = surface tension

¢, = gas hold up.

Alvarez-Cuenca, M., G. C. J. Baker, M. A. Bergougnou, Chem, Eng. Sci,,
35, 1121 (1980)

Burekhart, R., W. D. Deckwer, Verfsh,enstechnik (Mainz), 10, 429
(1976).
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b.

Calderbank and Moo-Young (1961)

Refl: Calderbank, P. M., M. B. Moo-Young, Chem. Eng, Sci., 16, 39

(1961)

(py = Pp) B 1/3 | D 1/2
, ‘

2 m
L L

Pg = Bas density

liquid density

liquid viscosity

o
]

diffusion coefficient

™
i

gravitational constant

To wuse this equation, one needs the interface area "a" to

calculate kLa.

Calderbank, in Irans, Instr, Chem, Eng,, 36, 443 (1958) gives "a"

as

a= 1.4

B
0.6

u
aL t

[g__ ]o..a , 0.2
v, L [u }

P = power consumption in agitation, V, = slurry volume

L
ug = gas superficial velocity, u, - terminal bubble velocity.
limitations of the correlation for "a® are given in the original

reference.

There are other ways of interpreting the gas-liquid interface

area,

20
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G ,
aw 6 re €, — Bas holdup
dm = volume/surface mean bubble diameter.
(or also sauter mean diameter)

Deckwer, et al., Ind, and Eng. Chem., Process Des, Dev,, 21, 231

(1982)

give a=4.5 u;"l

Akita and Yoshida, Ind. Eng. Chem., Process Des, Dev,, 13, 84 (1974),

give

gd 2o V0.5 3 1.13
w3 (B2 5])

9L

Kawagoe, et al. Correlation

KRawagoe, M., K. Nakao, T. Otake, J, Chem, Eng., Japan, 8, 254 (1975).
d y 1/2 dm3 2 1/4

kL m [ L ] [ & PL ]-

= = 0.975 D 5

D p
A A"L By

This correlation, again needs a, the interface area and an

expression for the mean bubble diameter.

Deckwer, et al., 1983
Deckwer, W. D., K. Nguyen-tein, B. G. Kelkar, Y. T. Shah, AIChE J.,

29, 915 (1983).

0.82

kLa = 0.57 us ’ vhere “g is in m/s

The first two correlations, Akita and Yoshida and Calderbank and Moo
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Young are the ones used the most. It has been pointed out that the
correlation of Akita and Yoshida applies well to the cases where gas
ls sparged by less effective sparges, i.e., either single or multil
oriface distributers. Therefore, the Akita-Yoshida correlation can be
recommended for a conservative estimation of kia. Only Margartz and
Pilhofer (Chem. Eng. Sci., 36 1069 (1981)) report even lower kLa
values, 1i.e. about 50% of those predicted from Akita & Yoshida
Correlation, If efficient gas spargers like porous plates and two
component nozzles are used kLa values, considerably higher than those
calculated from the correlation of Akita and Yoshita can be obtained.

In slurry bubble columns kLa is affected by the presence of
solids. The degree of influence depends on the particle concentration,
size, the 1liquid-solid density difference, geometric shape, and
operating condition.

At high 1liquid wvelocities (uL - 0.093 m/s) and low gas
velocities, the kLa values are slightly higher than those without the
presence of solids, Such a small increase in kLa is reported by
varous investigators at low particle concentration, typically less

N

than115%, fo; particle sizes is the 50 - 300 micron range.

&2&;;.119.2.&:

1. Nguyen-Tien, K., W. D. Deckwer, Chem, Eng. Sei., 12, 693 (1962).

2. Joosten, G. E. H., J. G. H. Schilder, J. J. Jansen, Chem, Eng,
Sci.., 32, 563 (1977).

3. Slesser, C. G. M., W. T. Allen, A. R. Cummings, U. Pavlowsky, J.

Shields, Chem. Reaction Eng,, Proc. &4th European Symposium,
Brussels, 41, 1968.
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4. Tamhaukar, S. 8., R. V. Chaudhari, Ind, Eng., Chem, Fundam 18, 406
(1979). |

With rising gas velocities and decreasing liquid velocities the kLa

values are lower than those obtained without the dispersed solid

phase. At high solid concentration, a steep decrease in kLa takes

place which is caused by a decrease in "a".

Ref. = Kato, Y., A. Nishiwaki, T. Kago, T. Fukuda, S. Tarraha, Int,.

Chem., Eng. , 13, 582 (1973).

Joosten, et al. has shown that as solids are added to the bubble
column kLa first increases slightly and then starts to decrease
rapidly by addition of more solids. The peint (or solids conc.) where
the decrease starts depends on the solid type and particle size. The
curves of kLa v.s. volume fraction of soclids, therefore, do not
coincide for wvarious solids and particle sizes. They explain the
sharp reduction in kLa by reduction in the interface area "a", They
had observed that the gas holdup at high solids concentration (greater
then 15%) is 1lower and gas bubbles are larger, apparently bubble
coalescence takes place at a higher frequency.

Joosten ét al. as well as Deckwer and co-workers claim that
presence of solid particles in the range 50 < dp < 200 microns and
at loadings less than 15%, the effect of solids on kLa is negligible.

However, we know that even than, the process of mass transfer can
be enhanced if the particles are very reactive or if the volumetric
absorption capacity of the particles with respect to A (the absorping

species) is much larger than the solubility of A in the liquid.

Recently, new data reported (Sada, et al., Chem, FEng, Sci., 38

23
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2047 (1983)), indicates 50% drop in kLa/kLa° with 10% solids loading

of 2 micron particles (kLao) is the mass transfer in absence of

solids).

An equation predicting the drop in kLa is still missing.
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Effects of Solids on KLz = kia

It is shown in the literature that ki a decreases with loading of solid catalyst in the slurry, especially in
the loading range above 15%. References are provided in the previous report.

From a fundamental point of view, ki, is a property related to a solute diffusing from the interface
into the liquid phase. Hence, theoretically ki, should be independent of solute loading. Surface
renewal theory gives kL @ YDa.

The solids loading, however, will change the interphase area “a” since they wil! affect both the bubble
size and the bubble coalescence.

If we start with the Akita-Yoshida correlation

gdr? pL
oL

(ka)dr® _ 6 (_\_L)()«S

Da Dy

0.62 0.31

d 3

(ngz) (50)1.1
L

and calculate (k;a) / (kpa)® where (kpa)® is
the mass transfer coefficient in the absence of solids, we get

ga _ -\ﬁ"o's[(BE)(i)r'ﬁz()’ﬂ)oﬁ(gg L
(ka)® v o/\pp | Wil g

. L . .
since v = %‘1; and dg, Dy, g are constants and if we assume O = oﬁ in absence
L

of data on the effect of solids on surface tension, one obtains a correction factor CF such that CF
multiplied by (ka)° from Akita-Yoshida Equation yields the k;.a for the slurry. Thus

CF. = K& . (gﬁ_)"'“(p_L)o.u
(kpa)® ML o

eg\'!

€g

In this equation, py is the density of the slurry.

pL = EPs + (1- €)p. where py s the density of solids, €, is the volume fraction
of solids, and p is the density of pure liquid.

2Pz g PE 4 (1-6)
pL PL

One of the better equations for predicting €g in presence of solids is proposed by Zheng, etal.
Reference: Zheng, L., B. Yao, Y. Feng, Chem. Eng. Sci., 43, 2195 (1988).
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Effect of Solids on K 8 = kja

They give

eg = 0.114 Fr035 pAr0.11 (1 + %GL)O‘“ (1 —gg)t7

where: Fr = -0 Ar = gdo® PL(Ps - PL)
Ygdr T
Then: (£C| = (1 —g)17
£
G

So the correction factor becomes

, 0)0.12 074
CF. = kLao = (El:.) (Es Bf_ + (1 - Es)) (1 - 85)1'914
(kLa) ML pﬁ

In the above analysis it is assumed that the Froude and Archimedes numbers are the same for the
liquid and the slurry in the limit as €, — 0.

The above correlation seems to work for the data in the literature in the particle range ~50 microns.
The correlation fails for larger and/or smaller particles due to the significant contribution from the
Archimedes number. However, for other diameter particles

(kra) _ {9)°" _ (4
(kLa)Z (dp23)0.11 dpz

0.33
) where 11is for 50 um, 2 is for other sizes

if everything else is the same.

I have applied the above correlation to Joosten’s data and Sada et.al.’s data. The results are as
follows:

Joosten et.al., Chem. Eng. Sci., 32, 563 (1977).
Sada et.al., Chem. Eng. Sci., 38, 2047 (1983).

Thus, the equation is:

(kpa) =(u2,)°"u Ps _ )0'74 _ene (9]0
s e B e R M (&

ust - slurry viscosity; dp — particle diameter in microns
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Effect of Sollds onKja = ka

| Dlglt))?;‘sed_lmsiie l?o(;l(;?:g Mé:;l?ged Caﬁ:(&ﬁl)ted :
Polypropylene | 53 - 105u 30% 0.08 s-1 0.079 s-1 | Data from Joosten etal.
35% 0.04 0.066 !
40% - 10.054 "
Polypropylene 250u 30% 0.16 0.12 "
35% 0.13 0.10 !
40% 0.06 0.08 ;
Glass Beads 53u 9% 0.20 0.18 "
30% 0.16 0.12 !
35% 0.11 0.10 ' )
40% 0.06 0.08 "
Glass Beads 881 30% 0.16 0.13 "
35% 0.14 0.12 "
40% 0.10 0.09 "
Sugar - 74 — 1051 30% 0.13 0.11 "
| 35% 0.06 0.075 "
40% 0.04 0.06 "
and from Sada ky a/(k; a)°
et.al.
Mg (OH), 2 s | ot | T

Although the correlation is quite simple to use, and somewhat empirical, it seems to work. The (kpa)?
from Joosten et.al., is 0.2 s-1in the absence of solids. So the agreement is acceptable.

When 1 apply the technique to F-T and/or MeOH synthesis, the following results are obtained:

Data: psp/pL (the liquid viscosity increases with solid content, we assumed the values measured by
Joosten et.al. since his liquid, kerosene, is similar to the F-T wax and/or MeOH fluid at reaction

conditions = PL = 0.8 gfom3, pp = 1-2cp)
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‘Ettect of Solids on Kja = kpa

. 25% loading Bt = 6.5
HL

30% loading = 10

35% loading =15
40% loading =20

Skeletal density is taken as 5.5, as specified in Air Products Report p. III-19 - Skeletal density of iron

catalyst and it is consistent with values for iron ore reported in Perry’s. Particle density ps is taken as
3.3 g/cm3 based on an assumed porosity of 40% (gas filled).

pL = 0.8 g/em3, dp = 26

Then:
0.12
kLg - (uo) ( Ps F(1-¢ )0‘74 1 1914 {26 0.33
b = 2. — -g
Gap ~ () o e (e (5
0
Loading [lq_a/ kl.a]
Volume % Calculated
30% 0.50
35% 0.44
40% 0.37
Calculation of (kg a)°, Akita Yoshida Correlation
(kpa) dg? _ m )05 ngsz)o.ﬁz gL 0.31 et
Da DapL oL - e

HL == 20p =» Fig. Il B-1, page III-22 of Air Products Report
PL = 0.8 g/cm3
oL = 16.5 dyne/cm at 250C, Air Products Rpt. p. III-7

DaforHy  =54x10° cm¥s

DoforCO  =20x10° cm?/s
g =980 cmy/s?

o (keally, = 201 dg%17 egld

(ka)eo = 1.27 dg®V7 egHt

} from our measurements
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Effect of Sollds on Ky a = kja

where dp is the tube diameter in cm., £g is the gas hold up.
Akita-Yoshida correlatiorn for g is:

gdr?pL
oL,

€ =02
(1-eg)

&g
(1-eg)*
forug = 15cm/s = 0.5 fi/s
gg = 0.20
o (kea)%y = 0.342 dg%V
(kra)’co = 0.216 dg%V7

18 ( 2dedpL? )1/12 "
2 Ygdr

1}

0.034 ug for the system defined above (note that the dg terms cancels.)

Thus for the reactor

Volume % (kpLa)y (kLa)co
[ 25%loading | 0192 g0l 0.121 4017
30% loading 0.171 dg0 0.108 dr%"?
35% loading 0.150 dg017 0.095 dr017
40% loading 0.127 dg017 0.080 dg0-17

These will be the (kia) values as a function of dg. I would like to note that as dg ranges from 1 cm to
10 m (1000 cm), dr%17 varies only from 1 to 3.23.
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Model Solutions for Slurry Reactors

A.  ASSUMPTIONS
1. Gas phase in plug flow
2. Liquid phase not mixed and in PF (Model 1) or perfectly mixed (Model 2)

3. Only gas/liquid mass transfer and the reaction terms are important, liquid/solid mass
transfer resistance is negligible

4. Intraparticle diffusion is negligible (small particles, 1) = 1.0)
5. First order reaction rate; r = k, & Cy

6. Constant usage ratio (moles of CO consumed per mole H is constant), the
stoichiometry is Hy + YCO — products

7. Liquid phase batch
8. Assume catalyst uniformly dispersed

MODEL 1

Gas phase plug flow, liquid phase not well agitated so that the concentration in the liquid phase varies
along the reactor as well.

_ d(ugPy) _ (_Eu _ )
dx ki Hy Cu

Py = RT Cgy where Cgy is the gas phase concentration

it

L}

Cp; the interphase concentration

Con
Hgy
Py = yyP = ideal gas

. _d(ugPy) _ « _Cu).
. - 2o = 0 RT (ch SH) = keiCq

For the liquid phase  kia RT (Chy ~ £H) = kerCa

Cy = 2 RT Cy
H= YeL + kia

| Slurry Reactor Study 113
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Mode!l Solutions tor Slurry Reactors

Substitute back and simplify
_ d(uoyn) _ (ki) kERT
dx (ke + k)P M
et L= L 4 1o - yaP - X
“* Kn T ka ke Cu Z=1

. 4(ugy) _ KyRTL
dz Hy yu

UgoYHO — UGYH
UGOYHO

define conversion Xy

then ugyn = ugoyso (1 - Xu)

Overall conversion (H and CO combined)

change in # of moles of CO
change in # of moles of H

Xusco = Xg LtY  where U =
1 +1
. 0 :
inletratio I = X | ratio of inlet molar flow rates
ng
ug = ugo (1 + aXco+H) where a is contraction factor defined as

o = Q(atXn.co = 1)=Qo , Q is the volumetric flow rate

Qo

then d(ugyn) = — ugoyHo dXn

usoyro (1-Xn) _ _ymo (1-Xn)

ug 1+U
(1+uxH ™

YH

Slurry Reactor Study D114
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Mode! Solutions lor Slurry Reactors

integrate from 0 vo Xy on dXy
andOtolondz

(14 a)In(l-Xy)+ o Xy =-S5t

when the Stanton No St = Ky RTL
ud Hy

Reference: Deckwer, W. D., Serpemen Y., Ralek M., Schmidt, B. Chem. Eng. Sci., 36,
765 (1981).

(kg) (kL)

D et e A

H7 Tkea) + (kD)
Most studies indicate & =~ (.5

ki = koW where ky, is the rate constant in

unis ——YOME . and W is
mass catalyst x time

catalyst loading in —JDaSS_._
unit volume

At this stage we may take into consideration the change in €g and ug in calculating (k_a) from Akita-
Yoshida correlation.

—58 = 0.034ug (p.3 of previous report)
(1-eg)*

and (ka) a ek

so ug = ugo (1 + & Xco+n)

Solution of this equation, Xy vs. St will give the conversion profile. In the Stanton number kpa and
L are variables.
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Mode! Sclutions for Slurry Reactors

MODEL 2
Gas phase in plug flow, liquid phase perfectly mixed.
Gas phase — using concentration instead of partial pressure.

- d(“gfm = ka(Cy - Cu)

Liquid Phase
L
. Acf ka (C,;L - CHL) dx = Vk£Cy ,V is the volume of the slurry
[}

Based on previous definition

1-Xy )

Cuc = C)
HG 1+a” Xy

Alternatively, we can use overall hydr gen balance
ugo AcChi Xu = krer CurV

Substituting these back into the first equation and integrating as before, we get:

Lka) _ _ _1 > . _Xy'
hy T Tre o"Xy + (1+a°Y) In 1 Y},

where n = HHGL y - ! -1
s 1+¢'p
Rearranging the overall hydrogen balance

AXpud _ Xuud _ Ci,
(ker)V (k&)L Py

Multiply by Xy
Xuwf Hu _ HyCu . p
ke L g
. L{kpa
. 'We have an implicit relationship between Xy and -Ié-;l’é—)
H

Reference: Bukur, D., Chem, Eng. Sci, 38, 441 (1988).
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Mode! Solutions for Sturry Reactors

The liquid phase mixing and volume contraction (@) have a very significant effect on the reactor
performance, particularly at high conversion. For example, if 90% hydrogen conversion is desired,
the required reactor heights calculated from these two models are:

8.3m Modell o = -0.5
17 m Modzll o =0
233m  Model2 @ = -05
63.1m Model2 a=0

aOW RN e

Thus axial mixing, D,, and volume contraction factor, a., are very important. PF model, Model 1,
assumes D, = 0 and PM model, Model 2, assumes Dz = oo,

The above numbers are from Bukur's paper. When we have a non first order reaction rate expression
and axial mixing term D,, the numbers calculated will be somewhat ini the middle.

Slurry Reactor Study 117
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Effectiveness Factors in Fixed-Bed Fischer Tropsch

Itis generai\y agreed that in F-T synthesis in the gas phase, the catalyst pores will be wax filled.
Excellent reference is Huff and Satterfield, Ind. Eng. Chem., Process Des. Dev., 24, 986 (1985).

If we assume liquid filled pores, Avg. MWt of wax = 400, then 1/8" — 1/16" diameter particles with
1st order rate constant 0.01 — 0.4 51, then from

6 =R vEp  with D = 50 x 105 cms

weget 6 = 0.11 - 144
1.0 - 0.62

i}

and ul
Similarly for CO, 1 = 1.0 — 0.42

So the diffusion effect will not be very large.
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SLURRY REACTOR DESIGN STUDIES
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for Liquid-Phase Fischer-Tropsch Processes

This review is not a complete survey of all aspects of liquid-phase
(slurry) Fischer-Tropsch (FT) processes. Instead, the intent is a critical analysis
of available procedures for design of bubble-column type slurry reactors for
processing syngas (CO + Hp). The desired results from a model are the
conversion and productivity [(product produced) / (amount of catalyst)
(time)) as a function of reactor length and include the influence of pressure,
temperature, superficial gas velocity, reactor diameter, and catalyst loading
(mass of catalyst/volume of liquid). The effects of these operating and design
conditions are important for scaleup and economic optimization.

More complete reviews of the literature on F-T processing have been
published (1-3).

I__Available Models

The three recent models that include mass transfer and kinetics and
the known essential characteristics of bubble reactors are those of Deckwer et
al (4), Kuo (5) and Stern et al (6). These models are more complete
developments of the early work of Calderbank et al (7,8). Other models (5-11)
do not include axial mixing (dispersion) in the slurry phase. Such mixing
depends on the reactor diameter. Therefore, if the effects of diameter on
performance is to be accounted for, axial dispersion is a necessary part of
successful modeling.

The remainder of this review refers to the Deckwer, Kuo and Stern
models. They seem to be the only published design procedures that can be
used to establish the influence on performance of all the stated operating and
design conditions. Kuo (5) reported experimental data and applied model

i
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predictions only for a small (5.0 m) diameter reactor. However, his model
would predict the same effect of diameter as the other two models.

II. Mass Transfer, Heat Transfer and Mixing Effects

All three models neglect mass transfer resistance between the bulk
liquid and outer surface of the catalyst particles and intraparticle diffusion
resistance. These transport processes are rapid with respect to other steps in
the Qverall reactions since the catalyst particles are small (~50um). “\DeckWer et
al (4) inQuded both these effects through an overall effectiveness fa&tor 7 but
in applying the equations T is taken equal to 1.0. This leaves gas bubble-to-
liquid mass transfer, intrinsic kinetics and axial dispersion to be considered.
These corncepts about modeling bubble reactors are reasonable and the three
significant rate steps are accounted for in all three models. However, the Kuo
(6) model only includes axial dispersion in the liquid phase. The plug-flow
assumption for the gas probably would not introduce much error because the
so}ubilities of CO and Hj in the waxy-oil liquid are relatively low (6,12) and
the gas velocity would be high (~10-15cm/s) in commercial scale reactors. All
three models account for the change in gas velocity, due to reaction,as the gas
moves up the reactor.

Due to good mixing in the liquid and the heat capacity of the catalyst
particles, F-T reactors can be operating nearly isothermally if there is internal
heat transfer surface. Without heat removal, a temperature increase of 10-
20°C might be expected in large reactors operated at high conversions. The
Deckwer (4) and Stern (6) models include an energy balance so that the
temperature rise can be evaluated. These two models also account for the

effects of temperature on the intrinsic rate of reaction. The Kuo (5) model

assumes isothermal operation.
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A distribution of catalyst concentration along the reactor length is
allowed in all three models. The distribution is due to gravitational settling
and upward movement of catalyst particles due to the gas bubbles. The
equations for evaluating catalyst distribution are given in either the Deckwer
(4) or Stern (6) papers. However, these authors as well as Kuo (5) show that
for particles of about 40um or less the variation of catalyst concentration is
negligible.

III. Difference Between Models

The Kuo model except for its isothermal restriction is based upon the
same concepts as the Deckwer and Stern models. The Kuo single-component
model is like that of Deckwer while the rﬁulﬁcomponent model is similar to
the Stern approach. Hence, it is sufficient to analyze the differences between
the Deckwer and Stern models.

A. Stoichiometry and CO/H> Feed Ratio

The Deckwer model does not consider variations in hydrocarbon
product chain length (the chain growth probability, &) or product composition
(fraction of product that is paraffinic, ). Rather, a constant value throughout
the reactor is chosen for the ratio of CO to Hp consumed by the reaction (the
usage factor, U). Also, the feed ratio (0 of CO to Ha is restricted to a narrow
range of about 1.5 to 1.8 so that it is safe to assume a rate equation first order
in hydrogen and zero order in CO. Thirdly, the water-gas-shift (WGS)
reaction is assumed to be fast and irreversible so that water is not a final
product. These three restrictions mean that the design model requires only
mass balances for hydrogen, one for the gas phase and one for the liquid
phase. However, these second-order ordinary differential equaticns are
coupled so that they must be solved simultaneously, and with an energy
balance if a ternpe- ature distribution is be be calculated.
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In contrast, the Stern, et al (6) model develops the stoichiometry (U)
from a and v. Also, the WGS reaction is assumed to be reversible with a
finite rate. Hence, the kinetics of two reactions are involved,

xCO+ Gy +0Hz — CxHy + xHzO
HyO+CO & Hy+COs ,

and water is a product. With this more general treatment of
StOid}iomeﬂy and WGS reaction, the model inciudes coupled, mass-balance
equations for CO, Hy, H;0 and CO; and C,‘HLy in both gas and liquid phases.
Because finite kinetics of the WGS reaction are included, the usage factor U
can vary along the reactor length.

The complex stoichiometry evaluation of Stern turns out to be close to
the simpler approach of Deckwer when the WGS shift reaction is irreversible
and fast. For example, Stern chooses & = 0.69 and Y= 0.25and =0 [B =
water/CO; in the product] to compare with the Deckwer et al (13)
experimental data in a 3.8cm reactor. For this case the Stern equétions for the
stoichiometry lead to the overall reaction

0.64 CO + 0.37 Hp = 0.10 C32 Hy4 + 0.32CO2
This corresponds to a usage, U = 1.7, and the product is close to CnHon. These
results are in agreement with the values proposed by Deckwer (4). We can
conclude that when an active WGS catalyst is used, and the feed CO/Hp ratio
is 1.5 to 1.8, the simpler approach of Deckwer (4) is adequate. As mentioned,
the calculations are then much simpler since mass balance equations are
needed only for hydrogen and the relations between a., ¥, B and the

stoichiometry are not involved.
On the other hand, the Stern (6) model has the flexibility to handle

other feed ratios and finite WGS kinetics.
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B. _Contraction of Gas Velocity

Since the volume of gas decreases with reactor length due to reaction,
the superficial gas velocity also decreases. This decrease depends upon the
conversion of CO + Hy, and hence upon the stoichiometry and feed ratio. For
the simple case of Deckwer (4) where a constant usage factor is used, the
contraction of gas velocity is linearly related to the conversion of hydrogen.
This'relation and the relation between velocity and gas-phase mol fraction of
Hj are derived by Deckwer (4).

In the Stern model the linear relation between velocity and conversion
of hydrogen does not apply, in general. However, for rapid irreversible WGS
reaction the stoichiometry (and U) do not change, and the simpler contraction
expression for gas velocity [Eq. (17) of Deckwer (4)] is suitable.

IV. Gas Holdup

Gas holdup is a key factor in determining both catalyst loading and
bubble-liquid interfacial area, and, therefore, the importance of mass transfer
in F-T process design. The holdup is a function of gas velocity. For constant
bubble size increasing the gas flow rate and superficial-velocity simply
increases the number of bubbles. Hence, the holdup and interfacial area are
linearly proportional to the gas velocity. Over a range of flow rates and ﬂ
sparger sizes Deckwer et al (14) and chker and Deckwer (15) found bubble
sizes in a wax-type liquid to be in a narrow range around a value of 0.7mm.
In both the Deckwer (4) and Stern (6) models the gas holdup is calculated
from the equation

gg (holdup) = 0.053ul! (1
where ug is the superficial gas velocity. This slightly greater than linear
proportionality was obtained from experimental measurements at 250°C in

waxy liquid (14).
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Equation (1) represents experimental data at low and moderate gas
velocities, but at high velocities bubble hydrodynamiés may change. Bubbles
coalesce and ultimately form large slugs, even void columns through which
the gas moves. Important studies have been reported recently by Bukur and
colleagues (16-18) who measured gas holdup in waxy liquid at F-T reaction
conditions and over a wide range of gas velocities. They concluded that
foam‘ing was elatively unimportant in large-di; meter reactors, and suggested
that the data of Deckwer et al (14,15) was in the foaming regime. The effect of
bubble coalescence and slug formation is to cause holdup to become constant,
independent of gas velocity. At high velocities (~15cm/s) Eq. (1) could over-
estimate holdup very significantly. Also, the interfacial area would cease to
increase with velocity so that bubble-to-liquid mass transfer has a greater
effect on conversion and productivity.

The increase in g with ug suggests a maximum in the curve of
productivity vs. gas velocity, first suggested by Schumpe et al (19) and
confirmed by the Deckwer model (4).

Bukur and Daly (16) could well represent holdup data up to ~15cm/s by
the correlation developed by Bach and Pilhofer (20):

023

3
e ug Py,
l-es

u/p] (PL" P
J g p)L[ L Py
where p = density, 4 = viscosity and subscripts L and g designated liquid and

gas and all units are cgs.
There remains (it seems to me) some uncertainties in the gas holdup at

F-T reaction conditions and this affects interfacial area and, ultimately, the
importance of gas-to-liquid mass transfer. In view of this uncertainty it does
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not seem warranted to try to account for variation in holdup with reactor
length. This variation is involved in the Stern model as a result of the
stoichiometry treatment. Note, however, that €; and ki do not vary with gas
velocity as much if the Bukur and Daly (16), rather than Deckwer's (4),
correlation is used. If a uniform e, is used, any correlation may be chosen [Eq
(1), (2), etc.] for use in either the Deckwer (4) or Stern (6) model without
complicating the methods of solution of the model equations.
V. _Kinetics

Rate equations for the F-T reaction are given by Dry (21) and Huff and
Satterfield (22). The equation for the rate of the overall reaction

1
xCO+('iy+x)H2 - CyHy + xH20

proposed in reference (22) is

’ 2
K Coo

Y =
Hp+ €O aCy CHZ+ CH20 ©)

For conversions of CO up to 60%, this expression can be replaced with a
simple, first-order-in-hydrogen expression with an error of less than 10% (22).

Moe (23) suggests a stoichiometric-type equation for the rate of the

WGS reaction,

rs = ks | CcoChyo - ¥ CCO,CH, ] @)

The equilibrium constant K for this reaction is large /~50) at 250°C. This lends
confidence to the assumption of irreversibility used in the Deckwer model.
Values for the constants in the rate equations are reported in references

(21-23) and in (4). For example, Deckwer (4) suggests the following first-order
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expression for the rate of combined Hj + CO consumption for a feed and

usage ratio of 1.5

--E )
™, 4 co = AWe &y e"p[ RT}EL

where r = moles/(cm3 reactor volume) (s)
A = [(s) (wt. % catalyst in slurry)]’! = 1.12x 10
WEe = wt % catalyst in slurry

CH = liquid phase Hj concentration, moles/cm?

g, = liquid holdup
E = 70,000 k]/mol
U =  usage ratio

Kuo (5) also gives numerical values for the rate constants in Equation (3) and
for the WGS reaction written as Equation (4).

It should be hoted that Deckwer, apparently but not clearly, defines the
intrinsic rate per unit volume of reactor while Stern defines the rate per unit
mass of catalyst.

V1. Solution of Model Equations
A. Deckwer Model (4)

There are three second-order ordinary differential equations (mass
balances of hydrogen in the gas and liquid phases and an energy balance) and
appropriate boundary conditions. The solution gives concentration profiles
(C vs. reactor length) in the gas and liquid phases and conversion vs. reactor
length. These results can be obtained for various values of gas velocity,

reactor diameter and catalyst Joading and for different pressures and feed

temperature.
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Since the equations constitute a boundary value problem, either a
shooting method or polynomial approximation (to convert the differentiz. to
algebraic equations) is needed. Finlayson (23) describes the shooting and
orthogonal-collocation form of polynominal approximation while Denison,
et al (24) formulates a spline-collocation form of polyﬂominal approximation
and suggests using COLSYS software for the solution. The COLSYS computer
codg is described by Ascher, et al (25) and Denison, et al, and the former paper
gives programs for solution of two examples of equations. Deckwer (4) solved
his model equations with orthogonal collocation. |

B. Stern Model

Stern, et al (6) used COLSYS software to solve the differential equations
in their model. Since this model is set up to include both F-T and WGS
kinetics, five mass balances equations (for Hp, CO, H20, COz, CxHy) are
required for each phase. No energy balance is needed because isothermal
operation is assumed. The Deckwer (4) model could be adapted to include the
kinetics of both F-T and WGS reactions by adding mass balances and the Stern
(6) model could be applied to non-isothermal operation by adding an energy
balance. The essential difference between the two models is in the treatment
of reaction stoichiometry as mentioned in Section IIIA. The Stern model can
be used for different feed ratios, and different usage ratios could result for
difference choices of the chain growth probability and product composition.
Stern, et al (6) found, however, that the simple, first-order kinetic model had

to be modified with a water retardation effect to fit data at higher Ha/CO ratios

where water is a byproduct.

VIL_Design Quantities
Examination of the model equations shows that both Deckwer and

Gtern models require numerical values for the following quantities: kinetic

9
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constants for the rate expressions, gas and liquid holdups, mass transfer
coefficient kpa from gas bubble-to-liquid, and axial dispersion coefficients for
both gas and liquid phases. For non-isothermal operation (Deckwer model)
additional quantities are needed. These are the axial thermal dispersion
coefficient, heat of reaction, and heat transfer coefficient from the slurry to the
cooling surface.

~ Deckwer (4) in an Appendix gives recommended correlations and
values for the mentioned quantities as well as values of the properties
(viscosities, densities, diffusivities, heat capacities, thermal conductivities)
needed in the correlations. Due to the simplified stoichiometry, the Deckwer
model also requires a specified usage ratio and a constant contraction ratio
(also given the symbol a by Deckwer, et al). In Deckwer's examples the usage
ratio is taken equal to the feed ratio (1.5 to 1.8) and a =-0.5.

Knowing these quantities the models can be solved for the effect of
reactor diameter, gas velocity and catalyst loading on conversion and
productivity. Instead of a specified usage ratio the Stern model develops the
stoichiometry from the chain growth probability and product composition.

The kinetic constants for the rate equations will vary with catalyst
formulations, with age(!) and even between different batches of the same
formulations. These constants, along with the mass transfer coefficient kia,
determine the influence of mass transfer. Since kpa varies with gas velocity,
the effect of gas velocity on performance depends indirectly on the particular
values chosen for the kinetic constants. This is because the kinetic constants

affect the relative importance of mass transfer on the overall reaction rate.

(1) The treatment of deactivation given in the Air Products report (27) for methanol synthesis is
believed to be fundamentally sourd when loss of activity is due to structural changes in the
catalyst (for example, sintering). The equations on p. IT-42 and II-45 would need to include a
poison concentration if deactivation is due to a contaminant in the liquid or gas feed.
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Similarly, the effect of diameter on performance will depend upon the values
chosen for the axial dispersion coefficients, particularly for the liquid. The
value of the models for predicting effects of reactor diameter, gas velocity and
catalyst loading will be determined by the accuracy of the required reaction
rate constants and transport coefficients. For example, Deckwer (4)
recommends the Calderbank and Moo Young (8) correlation for ki and an
expression similar to Eq. (1) for 2, but the more recent data and correlation of
Akita and Yoshida (26) may be preferable. Also, there is a very limited
amount of data for a..al dispersion coefficients in bubble columns [The
Deckwer (4), Stern (6) and Kuo (5) publications include the available
references]. The uncertainties in the necessary kinetics and transport
coefficients suggest that it would be best to obtain conversion and
productivity results for a range of values of these coefficients. These
uncertainties also suggest that the design models may be best used for scaleup

and interpolation of actual pilot-plant measurements.
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Summary of Literature on Methanol

Production from Synthesis Gas

I.__Background on Methanol Processes

Prior to about 1960 methanol from hydrogen and carbon monoxide was
produced in high pressure (>10 MPa) fixed-bed reactors using metals and
oxidgs of Cu, Zn, and Cry03 (1-4). In the 1960 decade new, extremely selective
Cu/Zn0O/Alz03 and Cu/ZnO/CryO;3 catalysts were developed by Imperial
Chemical Industries (ICI) and Lurgi. These catalysts gave high rates of
production at lower pressures (5-10 MPa) and at 220° to 280°C. A detailed
history of methanol production is available including a description of new
processes .n the development stage (5).

The maximum conversion of CO or COz to methanol is limited by
equilibrium. Since the reactions are exothermic, higher maximum
conversions are obtained at lower temperatures. In fixed-bed reactors it is
difficult to prevent some temperature rise so that much of the effort in
reactor design has been directed toward efficient removal of the heat of
reaction. The temperature control problem also is partially responsible for
the development work on the liquid-phase process. Fine catalyst particles are
suspended in an inert liquid and the synthesis gas flows upward through the
slurry. The relatively good mixing and heat capacity of the slurry prevents
large temperature gradients. The reaction heat is removed either by internal
heat transfer surface or by circulating the slurry through an external
exchanger.

As with the prior literature survey on the slurry Fischer-Tropsch
process, this review is a limited one. The emphasis is not on modeling but

on a comparison of the fixed-bed and slurry processes. More complete
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reviews of the technological aspects of methanol production have been
published (6, 7).

II. Reaction Kinetics
As noted by Bart and Sneeden (6), methanol synthesis involves five -
reactants and products, Hp, CO, H20, CO; and CH3 OH. Usually carbon

dioxide and often steam are present in the gas feed. Hence, the water-gas-shift
(WGS) reaction

CO2 + Hy & CO + HO (1)

provides either Hj or CO to react along with the feed CO or Hp to produce
more CHj3 OH by the base reaction

CO + 2H; « CH30H ()

Adding reactions (1) and (2) gives the overall reaction for producing
methanol from CO»

COz + 3Hy; ¢ HO + CH3OH (3)

Both reactions (2) and (3) are exothermic (AHj is about -100k]/mol and

AH3 about -61 kJ/mol) at process temperatures. When synthesis gas is

produced either by reforming of natural gas or by coal gasification H20 and

CO; are present unless efficient upstream separation is installed. -
Because of the interaction of the five species, the kinetics of met.h;nol

production via reactions (2) and (3) is complex. Therefore, many different

rate equations have been proposed. For the Cu/ ZnO/ Al,0O5 catalysts, Bart and
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Sneeden (6) list seven separate rate expressions written in terms of partial
pressures in the gas phase. These expressions would be applicable for slurry
processes only if gas and liquid compositions are in equilibrium and
solubilities (Henry's law constants) are introduced. Reference (6) provides an
abbreviated assembly of all the studies on methanol kinetics for the
Al2O3-based catalysts. Graaf (8, 9) has proposed somewhat different but
equally complex rate equations that are applicable for the Al»O3-based catalysts
(employed in the ICI process).

Separate expressions are proposed for the fixed-bed (8) and for the
slurry (9) processes. Presumnably, these rate equations are all based upon
experimental data. While complex, all formulations have the general
Langmuir-Hinshelwood form of a reversible driving force and a
denominator term representing adsorption. For example, the rate for

methanol production by reaction (2) for the fixed bed (gaseous system) is

3n )
f _f. -f / f j]
k[ co'H, ~ ‘cH,0H / 'R,
12 4)
1+ Ko * Kyfeg, | (fﬂz + stﬂp]

I =

where f represents fugacity and k, K1, K2, K3 are rate and adsorption

equilibrium constants.
Simpler rate expressions have been proposed. For example Andrew

(10) suggested from data on the commercial (ICD Cu/ZnO/ Al203 catalyst:

7 04
- r (for CH.OH) = k p;’iz Pog, $(CO) -
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where ¢(CO») is an unspecified function of CO; pressure.

Apparently, the activity of the catalyst depends significantly in its
oxidation states and this in turn depends on the Hj, CO, and CO5 content of
the gas. This complex situation means that catalyst activity of the same
catalyst can vary within a reactor as the gas composition changes.

Berty and colleagues (11) have proposed for the Cu/Zn0O/Cr; O3

catalyst rate equations that follow stoichiometry. Their expressions for

reactions (2) and (1) are

c cCHSOH
r =1 =K -
CH,OH 2 2 | Hy K, CH2 Co (6)
C CCO CHZO-]
!'1 = kl H2 = K] CCOZJ (7)

where K and K;j are equilibrium constants for reaction (2) and the reverse of
reaction of reaction (1).

Still another power-law type rate equation has been used in evaluating
the performance of the Laporte Process-Development-Unit (PDU) for the
liquid-phase process (12). This equation is (for methanol rate)

) Pen,on
w231 -—
r= k pco pH2 K Pco pilz

(8)
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Since no terms for CO; or HyO are included, this expression should be
applicable only when neither of these two species are present. Then K is
proportional to the equilibrium constant for reaction (2). Also, gas and liquid
phase concentrations are apparently assumed to be in equilibrium since the
equation is expressed in partial pressures for the liquid-phase processes,
Henry's law constants are incorporated in k and K.
| In their detailed discussion of the kinetics for methanol synthesis, Bart

and Sneedon (6) conclude that neither the mechanism of reactions (1-3), the
rate controlling steps or the nature of the active adsorbed species are well
understood. For example, the role of the copper site and its interaction with
le10 adsorption is still uncertain. However, completely reduced copper
alone is now known to catalyze methanol synthesis. Reference (6) discusses
the voluminous literature on mechanistic, adsorption, and surface
phenomena with respect to catalytic activity.
| III._ Reactor Design

A. Fixed Bed

The ICI and Lurgi reactor designs appear to be well tested with
numerous operating commerical-size plants (5,13). The chief difference is in
the design for removing the heat of reaction. In the ICI reactor (5,7) the
single, large diameter catalyst bed is divided into sections with provision to
introduce cold, quench gas between each action. The Lurgi reactor (5,7)
consists of a manifold of small-diameter tubes filled with catalyst. Reaction
heat is transferred to pressurized boiling water in the jacket surrounding the
assembly of tubes. \

An important retardant to the reaction rate in the fixed bed is
intraparticle diffusion. Hence, in a design model the effectiveness factor must

be considered. In cases where there is a moderate heat of reaction, the general
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rule is that external mass transfer resistance is negligible with respect to
intraparticle diffusion, while the external (bulk fluid-to-particle) temperature
difference is more important than the intraparticle temperature gradient.
Oztiirk, et al (14) in their modeling of the fixed-bed process, include bo.th
external and intraparticle temperature and concentration gradients. Of these
four transport effects only intraparticle mass transfer was significant at the
conditions studied. The Oztiirk approach (which utilized Equations (6) and
(7) for the intrinsic rate) is a general one for representing mass and energy
transport effects in a non-isothermal, adiabatic, fixed-bed reactor. Their
model is for a catalyst bed without intercooling (Lurgi type) except that the bed
is considered to be adiabatic rather than exposed to a constant surroundings
temperature. Alternately, the model could be applied to an individual
segment of an ICI reactor which operates close to adiabatically. While the
Ogztiirk, et al results are given for a Cu/2ZnO/Cr20j catalyst, the same
procedure could be applied to any catalyst with appropriate changes in the rate
equations.

B. Liguid-Phase Process |

Detailed models for predicting the effects of kinetics and mass and
energy transport on the performance of slurry reactors have been developed
fqr Fischer-Tropsch (F-T) processing (see literature survey for Liquid-Phase
Fischer-Tropsch Process). With different kinetics the same kind of models
can be used for slurry reactors for methanol production. However, note that
in the Deckwer, et al' model” batch liquid was assumed. This probably is
satisfactory when only a hydrogen mass balance is necessary. For this
situation the low solubility of hydrogen in the liquid suggests that a negligible

* Deckwer, W.-D., et al, Ind. Eng. Chem. Proc. Res. Dev. 2] 231 (1982).
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amount of hydrogen would leave the reactor if there were an effluent liquid
stream. When the kinetics are not first order in hydrogen alone, mass
balances are needed for other species. Then the postulate of a batch liquid
phase may not be correct. For example, a continuous exit stream or periodic
liquid removal is necessary to remove the accumulating hydrocarbons
produced in Fischer-Tropsch processes. This is not a problem in methanol
syntbesis, since the methanol product is in the gas phase. There is only a
build up of byproducts in the liquid. In the Oztiirk, et al (14) modeling of the
methanol process non-linear kinetics are involved and the authors allow for
a steady flow of liquid in and out of the reactor. The presumption is that the
heat of reaction is removed in an external heat exchanger. The model of
Stern, et al (15) developed for Fischer-Tropsch synthesis could be applied to a
methano! reactor with external heat exchange since continuous flow of liquid
is considered.

A simple model assuming plug flow of gas and well-mixed batch
liquid, as presented by'Bukur (16) for F-T reactors, might be applied to
methanol production. This would require that the heat of reaction be
removed internally and that the rate of accumulation of methanol (and CO
and COy) in the liquid is negligible with respect to the reaction rate.

The results (12,17) obtained for the Laporte PDU demonstration-size
reactor provide useful experimental data on the performance of the liquid-
phase process. Data are available for the effects of catalyst loading (10-50 wt%), -
feed éomposition [55% Hj, 19 CO, 5 CO7 and 35% Hy, 51 CO,13C0O2and 1%
inerts], catalyst deactivation, gas holdup, type of slurry liquid, and method of
heat transfer, on methanol production rate. It was shown that internal heat
transfer could be used satisfactorily so that continuous circulation of slurry
through an external heat exchanger could be eliminated. With internal heat
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removal, constant productivity could be achieved with periodic withdrawal
(daily, for example) of a small volume of slurry, combined with addition of
an equal volume of slurry with fresh catalyst. Catalyst life tests showed a
deactivation rate of less than 0.2% per day. A uniform decrease of 0.2% per
day at constant temperature corresponds to a drop to 11% of original activity
in three years. However, the rate of decrease could diminish with time, and
also Fhe temperature could be increased to approach constant activity.
Maximum space time yields above 1.0 kg CH3 OH per kg catalyst per hour
were obtained.

The authors of reference (17) conclude that the technology of the
liquid-phase process is now reasonably well established. Once field tests are
satisfactorily completed on removal of catalyst poisons (prime poisons are
iron and nickel carbonyls, Hy S, COS and HC)), it was proposed to go to the
next step toward commercialization—a 500 ton/day methanol unit.

IV. Comparison of Fixed-Bed and Slurry Processes

Three publications compare methanol production in slurry and fixed-
bed reactors. This comparison is difficult because the intrinsic rate (rate at a
catalytic site) equations can be different in the liquid and gas phases (11,18).
Serwin and Frank (19) compared the technology of the multi-bed quench
process (ICI) with the slurry reactor process. Oztiirk, et al (14) carried out
model calculations for a Lurgi-type fixed-bed but assumed adiabtic operation.
The Ph.D. thesis of Graaf (8) compares the multi-bed quench process with a
multistage, agitated, slurry reactor. The mechanically-agitated reactor follows
the original contactor design of Oldshue and Ruston (20). This type of reactor
has been recommended by Joshi, et al (21) as a desirable solution when a non-

agitated, single reactor operating at high pressures requires a large reactor

volume.
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The objective of the Oztiirk et al (14) work was to compare fixed-bed
and slurry reactor performance. Hence, the same intrinsic rate equations
were used for both reactors. On this basis comparable space-time yields (mols
per hr per kg catalyst) were predicted when the catalyst loading in the slurry
reactor was 30 wt. %. Since the same intrinsic rate equations and feed
conditions (composition and temperature) at the same pressure were
empl'oyed, what was actually compared were the transport effects in the two
reactors. For mass transport, the comparison is between the intraparticle
diffusion resistance in the fixed-bed with the gas-to-liquid mass transfer
resistance in the slurry reactor. Intraparticle diffusion resistance is sensitive
to catalyst particle size. It is not clear what size is employed for the
comparison, but calculations early in the paper are for 0.5 mm particles. For
this size effectiveness factors ranged from 0.1 to 0.8. If larger particles
(1/8"-1/16") are employed, effectiveness factors would be lower, shifting the
comparison to favor the slurry reactor. On the other hand, for the same
catalyst mass, reactor volumes for the slurry process would be larger than
those for the fixed bed. This shifts the economics in the direction of the fixed
bed. A normal solid fraction for a fixed-bed is 1-0.4 = 0.6, while a 30 wt. %
slurry with a gas holdup of 0.3 suggests a very approximate solid fraction of
0.21. This indicates that the slurry reactor would require about three times
the volume of the fixed-bed for the same amount of catalyst.

Also, the basis of equal intrinsic rates may not be appropriate for an
overall comparison of the two reactors. For example, the kinetics may be
more favorable for gas phase reactions because of higher adsorption rates.
Since kinetics is an important factor in overall performance, this would favor
the gas-phase fixed-bed process. In contrast, a higher catalyst loading than 30

wt. % might be employed without excessive settling and a significant increase
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in mass transfer (gas-to-liquid) resistance. The Laporte experiments indicated
that the upper limit could be higher than 30 wt. %.

As noted, the Graaf work (8) employed a multi-stage agitated slurry
system instead of a single reactor. The comparison also presented an
economic analysis of the two processes in which feed preparation and product
separation costs were included. Methanol production rates for the same feed
concllitions were calculated when the slurry reactor was operated at a
superficial gas velocity of 30 ecm/s, 0.1 gas holdup, 25 wt. % catalyst loading,
and isothermal conditions."

L __Miscellaneous Comments

A. Catalyst Deactivation

For the fixed-bed process a catalyst life of 3-4 years seems to be possible.
At constant temperature operation it is not known what residual activity
exists after three years. As noted, in short (120 days) time tests, deactivation
with the Laporte slurry reactor was less than 0.2% per day (17). If this rate of
decreuse is constant for three years the residual activity would be about 11%,
assuming constant temperature. Normally the temperature would be raised
to maintain catalyst activity. Also, the rate of activity decease could level off
at long times (a common situation) leading to a higher residual activity.

B. Improved Catalysts

Adding alkali hydroxides can significantly improve the activity of
Cu/ZnO catalysts for methanol production (5). The improvement in activity
is greatest for cesium, and in decreasing order for Rb, K, Na and Li. There is

an optimum amount of dopant. For example, for cesium at one set of

* Only Chap. 7 of reference (8) was available. The complete thesis (particularly Chap. 6)
would give more detailed information. However, this may not be of interest since a
mechanically agitated, multistage slurry system is employed for the calculations.
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operating conditions, about 0.8 mole % Cs on a Cu/ZnO catalyst improved
methanol productivity (§TY) by more than 100% (22). The rate of the WGS
reaction was also increased (23) by cesium.

C. Future Catalysis Research

Klier, et al (5) have listed several general and specific items regarding
development and understanding of methanol catalysts. Items included are
development of selective and stable homogeneous catalysts and
undérstanding of the bi-functional nature of Cu/Zn0O catalysts and their
combination with alkali dopants.

11
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March 16, 1990

Mr. Joseph M. Fox III

Bechtel Group Inc.

P.O. Box 3965

San Francisco, CA 94119-3965

Dear Joe:

This letter concems the effect of pressure on F-T kinetics and conversion. While the literature

;x;dc:gzt:f, c;?rtlls;;ctlc&]'abg:rélncmtthy o;ld the details of the mechanism for producing hydrocarbons, it
e ¢ first step is the adsorption of hyd ite) formin

boctal (VD hynide: P orption of hydrogen on the metal (catalyst site) f ga

(1) M+H=2MH

The paper by G. chrici-Olive and S. Olive [Angeu. Chemie International Ed. 15, 136 (1976)]
seems to be a logical explanation of how hydrocarbons are produced from the metal hydride. The
§:arbon atoms (from CO) are introduced into the chains attached to the catalyst (M ). Then growth
is determined by a "chain transfer" mechanism. That is a chain, R-CH; - CHa - M, leaves the
catalyst and a new chain is started at the same site (M) according to the reaction:

Olefin product
(2) R-CH2-CHz-M = R-CH=CHy+HM

Evidence for this process is thiat there are many more chains (hydrccarbon molecules) produced
than there are metal hybride sites on the catalyst. The molecular weight distribution is determined
by the frequency of chains leaving the site and the rate of inserting carbon atoms into the chain.

While these latter steps [after reaction (1] may be affected by pressure, the effect of pressure on
rate and conversion is primarily determined by reaction (1). This production of metal hydride is
an activated adsorption process, and its rate increases with pressure (hydrogen pressure) on any
one site. Also, as the pressure increases more of the sites in the catalyst are utilized for
adsorption. The overall result is tnat the rate of reaction appears as a first-order process. This
then means that as the pressure increases at low pressure, with a constant T and yolumetric gas
flow rate through the reactor, the conversion remains the same, but the space-time-yield increases
linearly with hydrogen pressure (see Deckwer paper, Fig. 4). This resuit has been verified up to
400-600 psia with experimental data [Industrial and Engincering Chemistry 46, 2278 (1954);, 44,
391 (1952)].

The above results are based upon there always being available additional sites on the catalyst for
formation of the metal hydride. However, such an activated adsorption process probably follows
Langmuir concepts resulting in a flanening of the equilibrium adsorption isotherm as the pressure
is increased to a high value. That is, a monoclayer coverage of the catalyst surface is approached at
high pressures. I believe this is the ™ saturation phenomenon” you mentioned during our

telephone conversation.
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J. M. Fox
March 16, 1990
Page 2

Thus, at very high pressures (what the critical pressure is at which saturation occurs is unknown)
the rate of reaction would no longer increase linearly with pressure, and so the conversion, at

constant temperature and volumetric gas flow rate, would decrease with further pressure increase.

I would expect the first-order form of the rate equation would be better represented by:

3 over a very wide pressure range.

Up to the critical or threshold pressure, Kpy,<<1, but at at high pressures 1 and Kpy, are about

the same, and at very high pressures Kpy, >>1 so that the rate = k/K and no longer increases
with pressure.

Sincerely,

Joe Smith
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REVIEW OF FIXED-BED AND SLURRY
REACTOR KINETICS
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APPENDIX C
REVIEW OF FIXED-BED AND SLURRY REACTOR REACTION KINETICS

W‘}:en trying to match observed conversions with slurry reactor model predictions (Section

2.4.3) it was found that a new expression for the kinetic constant had to be developed. It

gxa:d alggd necessary to get an insight into the differences, if any, between slurry reactor and

" préssmklnf?&cé’ Elqhqxanupc apybdxffcrences between iron and cobalt catalysts and to look
2 . This review is by no means complete, but some observati

made that could be useful to future investigators. P ons were

ed Magneti

45 985) -Bed - Data of Satterfield, et al (IEC Fund. 24,

This data was of interest since it consisted of a direct comparison of the same catalyst in a
fixed-bed reactor and in a well-mixed slurry reactor. The authors concluded that "...the
catalyst"acuwty in the fixed-bed appears to have been moderately greater than in the slurry
reactor.” They could not ascribe the difference to the higher inlet pressure in the fixed-bed
reactor but thought the fixed-bed catalyst might have been reduced in a more optimal

manner. Catalyst activity, expressed in umols of CO + Hz converted/[min - g of cat - atm

of Hp], varied from 100 to 190 over the temperature range 233 to 250 °C in the fixed-bed

measurements. Over approximately the same range, they observed values of 78 and 130 in
the slurry reactor.

It was of interest to see whether this same data could be fit to the simplified models
discussed earlier in this report. Figure C-1 shows the result of plotting the fixed-bed CO
conversion data in the form indicated by the plug-flow model (Model 1). A temperature
correction was applied by muitiplying GHSV-1 by an exponential activation energy term.
An activation energy of 80 kJ/gmo! brought the data onto one curve. Values of o of 0.0
and -0.5 were tested and, somewhat unexpectedly, a value of 0.0 gave the best straight
line. The fixed-bed data were obtained on a fine catalyst diluted with inert material and
placed in a reactor tube surrounded by a fluidized sand bath. GHSYV is expressed in
Nm3/(h-kgCat).

The slurry reactor data were obtained in a small, stirred autoclave so that mass transfer
resistance could be minimized. A CSTR model (Model 3) should be most applicable under
these circumnstances and one was developed for this project. It is presented at the end of
Appendix C. Figure C-2 shows the best straight-line fit to the CO conversion data using

this model, which was obtained using an activation energy of 135 kJ/gmol and an & of -
0.6. It is not known why the activation energy was higher than in the fixed-bed case, but
activation energies of this magnitude have been reported for the Fischer-Tropsch reaction
where mass transfer effects are known to be insignificant.

Cobalt Fixed-Bed Kinetics - Data of Singleton and Regier (Hyd. Proc., p 71 -74, May
1983) - Data of Post, et al (AIChEJournal, 35, 1107-1114, 1988)

The fixed-bed data of Singleton and Rogier are of interest because they represent a new
cobalt type catalyst, developed by Gulf before their merger with Chevron, and because a
pressure effect is presented. Increased pressure is shown to increase "catalyst activity” but

1
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the effect diminishes with increasing pressure. The authors present a table of CO
conversion data taken at low pressure in a 1" diameter, single tube, pilot plant in which
space velocity is given per gram of catalyst. They also present 250 psig data which are
appa:cqtly on a volumetric space velocity basis and can be related to their low pressure data
and their reported pressure effect if a catalyst bulk density of roughly 500 kg/m3 is
assumed. The Gulf technology described in this paper was later sold to Shell.

Post, et al, present a review of diffusional effects in fixed-bed F-T catalysts which
quantifies the effects of particle size and pore diameter. The catalyst is a Zirconium
promoted cobalt catalyst developed by Shell, presumably to be used in their new plant in
Malaysia. Sqmc data are given for iron catalysts but not enough to quantify differences.
Space velocity and STY are given per m3 of catalyst, rather than per kg of catalyst, and on

this basis there does not appear to be much difference between catalysts at comparable
particle size.

Figure C-3 presents a correlation of the Shell data on H conversion and Guif data on CO

coriversion using a Model 1 (plug flow) type plot. The value of o used is that reported by
Post, et al. Tg compare Figures C-1 and C-3, multiply the ordinate in C-3 by the expected
catalyst density in kg/m3. If, for example, this density is 500, then a coordinate value of 2
on Figure C-3 corresponds to a coordinate value of 4 on Figure C-1. On this basis,
conversions are roughly comparable. Figure C-1 mixes Hz and CO Conversions, which is
unfortunate, but can't be helped. It can be stated, however, that with 2.0 Hy/CO ratio feed
gas and a catalyst with low water gas shift activity, the two conversions should be of
comparable magnitude.

The ARGE design point (precipitated iron catalyst) and the design point selected for this
study are also indicated in Figure C-1. It would be of value to have a better definition of
space velocity requirement and the pressure effect for various catalysts, but it is felt that the
dcf;lgn point represents a reasonable concensus of the above information for a "generic"
catalyst..

Table C-1 compares the various kinetic curve fits developed in this report over the
temperature range of interest. Columns 2 and 3 represent Figures C-1 and C-2,
respectively. Column 4 is the Gulf correlation line from Figure C-3, assuming a catalyst
bulk density of 532 kg/m> and column 5 is the ARGE design point. Column 6 represents
the equation developed to fit the Rheinprussen laboratory data¥ in Section 2 and is
expressed in terms of hydrogen conversion:

k'g = ky / (kgCavm3) = 3.3-10%-¢(-130,000RT)
The slurry concentration and gas holdup correspond to estimated Rheinprussen laboratory
conditions.

9 The comparable expression given by Deckwer was expressed in terms of wi% Fe:
k' = ky / wt % Fe = 112,000-¢(70.000RT)

2
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CSTR MODEL FOR FISCHER-TROPSCH
Model 3

Assumptions: Basically the same assumptions as for Model 1 and Model 2, except that both
gas phase and liquid phase are fully mixed so that the concentrations in the reactor - both

phases at steady state - are those corresponding to the product gas composition. Other
assumptions:

1. Only gas/liquid mass transfer and the reaction terms are important, liquid/solid
mass transfer is negligible.

2. Intraparticle diffusion is negligible.
3. First order reaction rate, r=kre;-CH.
4. Constant usage ratio, U, (moles of CO consumed per mole of Hp consumed).

3. Stoichiometry handled by means of a contraction factor, ¢, which is constant.
6. Liquid phase batch (liquid flow can be neglected).

7. Catalyst is uniformly dispersed.

8. Reaction rate expressed in terms of catalyst loading:

kr = kg = k'g-(kgCat/m3) where k'yj = 3.3-109-¢(-130.000/RT).(P/1100)0-5 , T in
OK, P in kPa, kr in sec’! (Section 2.4.3).

9. k; a and € are established at an average value of superficial velocity ug.
10. The correction to kj a for solids conient, previously derived, applies.

QO-CoHG - Q'CHG = kLa"(C*HL - CHL)'VL = kreL-CHLVL
He/RT = Hy = CHg/C*HL, where He is Henry's law constant.
By definition of the contraction terms, & and o = o-(1 + U)(1 + 1) :
Q = Qo-(1+ a*Xy)
QO-CoHGXH = Q°C°HG - Q CHG = QConG - Q*(1+ o*Xy)-CHo
CHe = COHa(1 - Xp) / (1+ ™ Xp)
kpa-(Cug/HH - CHL) = kreL CHL

CuL = kLa-Cuo/Hu / (kreL + kLa)

3
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(Qo/VL)Colg-Xy = ((kreL- kpa)/(kreL+ kLa))-CHG/HH

Let Kpa = (krepkpa)/(kreL+ kpLa)

(QO/VL)-COxG Xy = (KLa/HH)-CHG = (KLa/Hu)-Coyg *(1 - Xgp) / (1+ o Xp)

Xy (1+ o* X/l - Xyp) = (KLa/Hy) VL/QP = K aR-T-L/(He-u0g ) = Stanton No.

0.95
0.90
0.80

For a* = -0.5

Stanton No.

9.975
4.95
2.40

For o* = 0.0

»

(e 2]

Stanton No.

19.
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Figure C-1

Fused-Magnetite Fixed-Bed Kinetics
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Figure C-2

Fused-Magnetite Slurry CSTR Kinetics
f(Conv)=X(1-alphaX)/(1-X)
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Figure C-3

Cobalt Fixed-Bed Fischer-Tropsch Kinstics
f(Conv)=(1+alpha)in(1-X)+alphaX
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Table C-1

1 2 | 3 [ 4 3 6 7
1 . CO Convearsion Data H2 Convarsion
2 Fe Fixad-Bed | Fe Slurry | Co Fixed-Bed ARGE Siurry_Mode 4/18/90
3 |Source Sattarfield, et.al. (1983) [Singleton (1983)[ECT Ed.2, Vol.4.] Used for Deelgn
4 |Pressure-atm 8,88] 7.8 18 26.5 10.86
[ T -0C Rate Constant in Nm3 H2+CO OConv/(h KgCat) {same as NL/(h gCat)] Commants
6 0.233068670| 0,08250512 0.4387283857] 0,273470893| 0.056214700| Dlvide by 0.7
7 0.85653021| 0.16704022| 0.668511022| 0,416705204] 0.114333856] to convar! 1o
: 0.53407770| 0.33212850| 1.001306848] 0.624203413] 0,225838446] Nma/(h kgFe)
T ?:3;2;301 0.683926710 1.47('5131273 0.020121827] 0,4345564363
0 808172801 7 10883902 5 08vaT0Ee T 15 7eT0R I 43 50802] to sonuart -
- : : . . . 0 convar
:; 260 2.31068508| 3.93366363| 4.332534625] 2.700613187| 2.668418441] cmd/(s gFe)
12 |, 3,22203006] 8.89357292] 6.041323230] 3.7656768152] 3.716685087
16
16
17 T-00 Fate Constant in millimols H2+CO Conv/(m KgOat atm)
18 35,4361004 |1 14.2251521 | 32.77848444 | 14,42253315 | 6.96130652 Nm3/(h kgCat)
19 53,0064182 | 28.0554775| 40,0466B686 [ 21.67654222 | 14,15842207 times
:? ?(1);)8239156 67.2640701 | 74.81762189 [ 32.941975363 | 27.97801802 | 22.4°60/atm.
228852 | 110.219496 | 110,2866878 | 48,62614265 | £3,81271645
22 1783,113368 | 206,798685 | 160,1298656 | 70.45714086 | 100.8638411
23 247.791705 | 378,778344 | 220,207327 | 100,86512238 [ 184.6738524
24 346.,043888 [ 678.206886 | 323.6800061 [ 142.4271623 | 330,4416073
:: 487.964753 | 1188,65803 | 451.3673060 | 198.6016546 | 460.25630371
27 T -0C Rate Constant in Nm3/(h m3)
20 108.887922] 8.19837714] 233,4008261] 232.4502588] 65.585048853] Nmd/(h kgCat)
29 303,05833] 16.5610014{ 355.6478630| 354,1694234| 11.27478655 times
_g() 453.066118| 32.5012641 532.7426018| 630.5720008] 22.10876484(Catalyst Density
1 660.17951] 62.0737804] 785,3018372| 782.1036527| 42.1958656956 kg/m3
32 071.600785( 115.558248 1140.212659] 1135.568036| 78.49699935 line 33 or
33 1390.7467| 209.897441 1632.082153] 1625.435202( 142.5503689( E40 thru E47
34 1064.00232| 373.022565] 2304.908367| 22095.521200] 253.0479687
35 2738.7332] 650.588117( 3213.983063| 3200.804429| 350,7661073
36 |Bulk Density 850 532 850
37 |Fract Voids 0.37 0.37 0.37(Slurry Mode! Used for Design
38 |Parl. Dens, 1849.20635 3100] B4d.4444444] 1345.206340](no mass transier resis
39 |% Slurry 1 5|Aheinprussen Lab Unit Condition #
4 0 |Gas Holdup 0.1664 . - /
41 T -0oC Lig Dans.  {Slurry Deans. Kg Cat/m3 ko koxEpslionl,
42 702.5| 794.6905077| 99.36810108 0.00172088| 0.001442112
43 696.95| 708.6517548] 98.61301542( 0.003403846 0.0028374456
44 691.4| 782.6003307 ©7.85747071| 0.006513473 0.00542063 1
45 685.85| 776.56323198] 97,101466562 0.01214184) 0.010121521
46 6B0.3| 770.5134552] 96,34500244] 0.022083047 0.018408428
47 674.75] 764.4590972! 95.58807805 0.03924075] 0.032711089
40 660.2| 758,4028544] D4.83060282 0.06821642) 0.056865207
49 665.87| 754.7667988] 94.37604052] 0.0941008054 0.070448474
50
51 T-0C Rate Constant in 8*-1 Hh » Ho/RT koEpsiiL/Hh
62 0.01077632] 0.00050586] 0.006240593 0.0043B7184] 5.826534007 0.00024755
53 0.0167724] 0.00164346] 0.008710234 0.006826367| 5.561181682| 0.000510224
54 0.02564438{ 0.0020802 0.014846580| 0.010437264] 5.316602872 0.001021259
65 0.03856848| 0.00407302 0.02232888] 0.015687371 5.08082521( 0.001988579
56 0.05711249| 0.00773318 0.033064775| 0.023244785] 4.879117343 0.003772901
57 0.08334348] 0.01432702 0.04825007| 0.033920795] 4.682054546 0.006985139
58 0.11905236] 0.02503567 0.069445358] 0,048820600) 4.490880844 0.012636741
59 0.16914547] 0.04574411 0.097926270] 0.068842207| 4.386043873 0.017845244
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FISCHER-TROPSCH REACTOR SELECTION

A comparison of slurry
versus fixed-bed reactor
design principles for
methanol and Fischer-
Tropsch distillate production.

J M. Fox

Paper Presented at

The AIChE Spring National Meeting

Fischer-Tropsch Symposium
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Fischer-Tropsch Reactor Selection

Introduction

Becr?tel Is currently carrying out for the DOE an economic comparison of
fixed-bed versus slurry reactors for several applications, including
Figcher-Tropsch synthesis. This paper is a report on the first phase of
this study, a review of reactor design principles.

Types ‘of Fischer-Tropsch Reactors

The challenge in Fischer-Tropsch reactor design is to remove the large
heat of reaction, some 55,000 to 60,000 kJ/kgmol (24,000 to 26000
Btu/lbmol) of synthesis gas reacted. For Fischer-Tropsch operations
directed at gasoline production (i.e. values of the chain propagation
probability factor of about 0.6) two types of reactor have been used:

1. The entrained fluidized-bed with riser coolers, called the Synthol
reactor, used at Sasol.

2. The fixed fluidized-bed wi:h internal cooling coils used at the
Carthage-Hydrocol plant at Brownsville, Texas.

For waxy distillate production at values of the chain growth factor of
about 0.9, the above reactor types are not satisfactory because the high -
molecular weight products cause fluidization problems. There is a great
deal of interest in this type of opsration today because yields of light
gases and oxygenates are reduced and because an easily upgraded, high
quality distillate is produced. Gasoline and other products produced in
Syntho! type operations require extensive upgrading before they are
marketable. While numerous reactor types have been proposed for
distillate production, the selection boils down to two main candidates:

3. The low conversion per pass, fixed-bed, tubular reactor used at
Sasol (the ARGE reactors).

4. The higher conversion per pass, slurry bubble column reactor with
internal cooling coils demonstrated by Rheinprussen in the

1950's.

It is of interest to note that for natural-gas-based Fischer-Tropsch
distiliate designs, Shell has selected the tubular fixed-bed for their new

i
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plapt in Malaysia, whereas Statoil has recently announced a slurry reactor
design for the same type of application.

Methanol Experience

The experience of Air Products with the liquid phase methano! process in
the LaPorte demonstration unit is pertinent to : .y discussion of slurry
reactors. This process was invented by Chem Systems to provide adequate
heat removal in their once-through methanol process. Since there is no
external gas recycle to remove part of the heat of reaction as sensible
heat, heat evolution per unit volume ef reactor is high and the best way of
removing this heat seemed to be ir a siurry reactor where a high heat flux
[20 kW/.m2 or 6300 Btu/(h-ft2)] may be used because the rapid circulation
of the liquid phase gives very uniform liquid temperatures.

In the course of their experimental work, Air Products investigated three
types of slurry reactor:

1. An ebullating-bed system with liquid circulation through an
external heat exchanger.

2. An entrained-bed system: with slurry circulation through the
external heat exchanger.

3. A slurry bubble column reactor with internal cooling coils.

The entrained-bed system was favored over the ebullating-bed because
smaller particles could be used, giving higher effective catalyst activity.
Both types recuired an external circulation pump and, ultimately the
internally cooled, slurry bubble column reactor was chosen as the
simplest and loast costly design. Only abou\ 4% of the reactor volume is
occupied by the cooling coils, but heat removal has been limiting and a
more practical design would increase this figure. The LaPorte reactor is
operated with a superficial gas velocity of 0.15 m/s! and a catalyst
concentration of 35 wt% or higher. Above 35 wt%, mass transfer
limitations become significant [Studer, et.al. (1989)]. Typically, space
velocity is in the range of 6 to 10 Nm3/(h-kgCat), the same as in fixed-bed
methano! and the approach to equilibrium is similar at the same space

velocity.

The primary application of the low conversion, once-through methanol
process is in the coproduction of methanol and power in integrated
gasification-combined cycle designs, an application selected in Glean Coal

1 Multiply by m/s by 3.28 to obtain corresponding velocity in fs.
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3 for further evaluation. The slurry reactor is not proposed as a
replacement for conventional fixed-bed reactors in high yield,
conventional, recycle methanol designs, although Air Products has

suggested a novel two-step design with a slurry reactor operating once-
through in the first step.

Reactor Sizing Considerations

Convgrsion in a Fischer-Tropsch reactor is also correlated with space
velocity per unit weight of catalyst. Satterfield, et. al. (1983) found that
there was little difference between a slurry reactor and a fixed-bed
reactor when expressed in these terms. Equivalent product distributions
were observed. These tests were run under conditions where mass
transfer resistances were virtually eliminated but, roughly speaking, the
gas-liquid mass transfer resistance in the slurry reactor and the
intraparticle resistance in the fixed-bed reactor are of similar magnitude.
The same generalization is true of a methanol reactor.

While the rate of reaction is proportional to catalyst weight, the size and
cost of the reactor is more closely related to the volume of the reactor2.
How then does space velocity per unit weight of catalyst compare with
space velocity per unit volume of catalyst and how much of the total
volume is occupied by the heads, cooling coils and other internals? This
question will be addressed for typical design values of catalyst
concentration, particle density and gas holdup.

While essentially all of the experimental slurry F-T work appears to have
been performed at slurry concentrations less than 25% and at superficial
velocities less than 0.10 mvs, there does not appea: to be any reason why
a slurry Fischer-Tropsch reactor cannot be operated at the same
conditions as a slurry methanol reactor. The systems are very similar. The
primary differences are that the liquid phase in the F-T system is the
product itself, molecular weight about 40C, whereas the preferrec: liquid
in the methancl reactor is Witco-40, a saturated mineral oil of about 340
molecular weight. Liquid densities are similar and so are the gas
densities, the higher pressure in the methano! reactor being c:ompengated
for by a generally lower H2/CO ratio and thus a higher molecular weight
gas in the F-T reactor. Use of the critical density concept of Roy, et. al.

2 Cost is more directly related to vessel weight. Since wall thickr!ess is rela_ted to diameter,
reactor weight is determined by the same dimensional factors which determine volume and there

is a rough proportionality.
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(1964), indicates that up to 65 wt% solids could be suspended in either
the F-T or methanol slurry systems.

In their review of Rheinprussen operations, Kolbel and Ralek (1980) state
that "The optimum concentration of the cataiyst in suspension proved to
be about ?0 wt% in terms of the iron present in the catalyst. Lower
concentrations reduce the reactor efficiency, and higher concentrations up
to 20% can be used, but they increase the viscosity of the suspension and
thus decrease the interfacial area, which affects mass transfer and hence
may cause a loss in conversion” (10 wt% iron corresponds to about 14.3 %
slurry ‘con.centration). Part of this reluctance to increase slurry
congentratlon may have had to do with physical limitations of the
equ:pment on heat removal. It may also be tied in with a reluctance to go
!’ngher than about 0.10 m/s inlet gas velocity. Higher gas velocities will
improve mass transfer, and should improve overall conversion, provided
gas holdup remains reasonable.

Some Eischer-Tropsch modelling efforts have predicted a loss in
conversion at superficial velocities above 0.09 m/s [Deckwer (1282)], but
these results are confounded by the use of a simplified gas holdup
expression which gives much too high a gas holdup (and therefore too low
a catalyst holdup) at superficial velocities above 0.04 to 0.05 m/s.
Operation at 0.15 m/s inlet superficial velocity and 35 wt% slurry
concentration appears as feasible in a Fischer-Tropsch as in a methanol
slurry reactor.

Assuming a 35 wi% catalyst concentration, a particle density of 1,500
kg/m3 and a liquid density of 670 kg/m3 at reaction temperature3, the
slurry density is 830 kg/m3 and the catalyst concentration in kg/m3 of
unaerated slurry becomes 290. The recent data of Bukur {1987) indicate
that at 15 m/s superficial velocity the maximum gas holdup in these
systems, without foaming, is roughly 27%. With contraction in the gas
flow due to reaction, a somewhat lower gas holdup is predicted - say
about 25%. The weight of catalyst per unit volume of aerated sluriy is
thus about 218 kg/m3. Adding an additional 15% for the heat transfer
coils and 20% for disengaging space, the catalyst loading becomes about
150 kg/m3 of reactor sheli volume. it is, of course, possible that a non-
supported catalyst of higher intrinsic density could be used, but even it
the particle de.sity is doubled, the catalyst loading increases only to

3 4,000 kg/mS is one g/cm3 and corrasponds to 62.4 I3
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about 1'65 kg/m3 of overall reactor volume. Table 1 summarizes the
calculation for this case and for a fixed-bed reactor.

A fi)fed-bed reactor with the 1500 kg/m3 particle density and a bed void
fraction of 37% will have a catalyst loading of 945 kg/m3 of reaction
volume. In this case, the heat transfer tubes and headers take up about
40% of the reactor volume and the heads add an additional 25% bringing
the catalyst loading to about 425 kg/m3 of total reactor volume - more
than 2 and 1/2 times that of the slurry reactor. The particle density of

1500_ 'kg/m3'is intended to represent a conservative value for supported
precupltateq iron catalyst. Supported cobalt catalysts appear to have
lower particle densities but a higher activity per unit weight of catalyst
S0 that the productivity per unit volume of reactor is the equivalent of or
higher than iron based catalyst.

While this analysis shows that a slurry reactor must have twice the
volurr)e of a fixed-bed reactor for comparable operating conditions, it is
not Il.kely that operating conditions will be the same. The superficial
velocity restriction on a slurry reactor makes it generally unsuitable for
low cqnversion. high recycle operation. In methanol reactor design where
there is an equilibrium limitation on conversion per pass, the slurry
reactor, for high ultimate conversion levels, will be designed for higher
pressure to increase conversion per pass, reduce recycle and increase gas
density. Even so, reported space velocities per unit weight of catalyst
appear to be comparable.

There are other differences. Temperature profiles will be different, for
example. The slurry reactor will use continuous catalyst makeup from a
prereduction system, whereas the fixed-bed reactor requires periodic
shutdowns for catalyst replacement. Productivity per unit weight of
catalyst consumption is believed to remain constant. The heat transfer
tubes add significantly more to the weight of the fixed-bed reactor than
the slurry reactor, but the shell of the slurry reactor must be designed for
reaction pressure (60 to 100 atm in the methanol case, 15 to 30 atm for
Fischer-Tropsch) whereas the shell of the fixed-bed reactor is designed
for steam side pressure which ranges from 20 to 40 atmospheres.

These differences must be quantified in a more detailed study. Clearly,
however, we can agree with Air Products' conclusion that the proper niche
for slurry phase methanol is in the “once through methanol” application.
There is little or no incentive to consider a siurry reactor for a recycle

methano! operation except, perhaps, as a first stage reactor.
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Natural Gas Based Fischer-Tropsch Synthesis

The natura_l gas based Fischer-Tropsch plant is operated at close to 2.0
H2/CO ratio. The reactor design presents a somewhat different situation
from' methgnol. in that recycle is not required by equilibrium limitations ‘
but is required in the fixed-bed reactor in order to achieve a mass

velocity adequate for good heat transfer. A conversion per pass of 35 to

40% appears to be the practical limit in a fixed-bed F-T reactor, requiring

a recycle to fresh feed ratio of about 2.3. (The ARGE reactors were limited

to abput 25% conversion per pass and 66% ultimate conversion because of

the high level of inerts and methane in the reactor feed gas. With a natural

gas feed and combined reforming or partial oxidation to produce synthesis

gas, a lower inerts level is readily achievable and uitimate conversions of
over 90% are possible.)

A slurry F-T reactor is not limited in this manner and can go to higher
per-pass conversion levels. The limiting factor on conversion in the slurry
bubble column is backmixing, particularly of the liquid phase, which
makes it necessary to use lower space velocities to achieve a given
cpnversion level than would be required in a plug flow reactor. Three
simplified models have been used to investigate the effect of backmixing:

Model 1 - plug flow, no axial mixing of either phase
Mode! 2 - gas phase plug flow, liquid phase fully backmixed
Model 3 - CSTR, both phases fully backmixed

These simplified models are based on the conversion rate being propor-
tional to hydrogen concentration and on an overall gas contraction factor,
«, which is assumed constant with conversion. The model equations are
summarized in an addendum to this paper.

Figure 1 shows space velocity requirements to achieve a given conversion
ievel in a plug flow and a fully backmixed slurry reactor at two levels of
the contraction factor, 0.0 and -0.5. Contraction factors of -0.5 to -0.6

are typical of F-T synthesis. Space velocity in Figure 1, is combined with
the overall rate constant, K, in the dimensionless Stanton Number, K/SV.
The overall rate constant combines the mass transfer rate constant, KM,

and the reaction rate constant, KR, in the form of a summation of
resistances:

1/K = 1/KR + 1/KM
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Model 2, which approaches most closely what would be expected from a
large, low L/D, F-T reactor, has the interesting characteristic that it
reduces to Model 1 when mass transfer controls, (KR >> KM), and to Model
3, when reaction rate controls, (KM >> KR). Figure 2 shows the situation
when KM = KR.

In Figure 3 the space time yield (STY), in Nm3 syngas converted/(h-m3), is
plotted versus conversion per pass for a Model 2 reactor, based on the
curve shoyvn in Figure 2. Two prediction lines are shown, the upper one
being an ideal case with no inerts and the lower one being a more realistic
case ~v-vuth 1.5% inerts in the feed gas and 95% ultimate conversion.
Condltnops for this plot are 533 °K and 1500 kPa. In the ideal case STY =
GHSV times conversion per pass, and the ultimate conversion is 100%.

Figure 3 also shows the recycle to fresh feed ratio (R/FF) required at
varying levels of conversion per pass for the same two cases. The gain in
productivity at low conversion per pass is offset by a higher recycle ratio,
[R/FF ratio = (1 + conversion per pass - 1)], so there is an engineering
evaluation to be made as to the best conversion level to design for. From
heat transfer considerations, the fixed-bed reactor works best /ow
conversion per pass, below 50%. The slurry reactor requires a high
conversion per pass because of superficial velocity limitations.
Nevertheless, it is apparent from Figure 3 that conversion levels over 90%
should be avoided because of the sharp dropoff in STY and 80% conversion
per pass may be a good compromise between recycle requirements and

high productivity.

The fixed-bed reactor has the advantage that it behaves like a plug flow
reactor, though the difference between modeis at 35 to 40% conversion is
small. Since the fixed-bed reactor runs at a lower average temperature, it
has a lower STY than would be read off from Figure 3. The trade-off
between a slurry reactor and a fixed-bed reactor for the natural gas case
is not obvious, a more detailed engineering and cost evaluation being
required. This is not a part of Bechtel's assignment, which is concerned

only with coal based plants.

The Coal Based Fischer-Tropsch Design

A coal based Fischer-Tropsch plant for distillate production differs
fundamentally from a natural gas based plant because of the composition
of the raw synthesis gas. A natural gas plant using partial oxidation will
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produce a synthesis gas with a H2/CO ratio of slightly under 2, the
stoichiometric ratio for the reaction:

2H2 + CO — -CH2- + H20 (1)

In this case, the water gas shift reaction‘is not desired since it produces
unwanted CO2. Most of the recent developments in natural gas processing
use cobalt type catalysts which do not have this activity.

A modprn coal gasifier of the Texaco or Dow design produces a synthesis
gas with a H2/CO ratio of about 0.75, a Shell gasifier produces something
ur'\der 0.5 H2/CO ratio. A 0.667 ratio is stoichiometric for a F-T reactor,
wﬂhqut steam addition, where the catalyst has high water gas shift
_actwnty. Precipitated iron catalysts have this activity. The reactions
involved are reaction number (1) plus:

H20+CO & H2+CO2 (2)
giving the overall reaction:
Ho + 2CO0 - -CH2- + CO2 (3)

Because equilibrium in reaction 2 heavily favors CO2 production at F-T
conditions, reaction 3 predominates over reaction 1.

in this scenario, shift and ‘CO2 removal are not required prior to Fischer-
Tropsch synthesis. This has the dual advantage of eliminating a separate

reaction step with its steam requirement and simplifying the gas
purification step. CO2 removal after synthesis is more straightforward.

A slurry reactor may be ideal for low H2/CO ratio synthesis for the
following reasons:

1. Low H2/CO ratio can lead to carbon formation via the Boudouard
reaction:

2C0 & CO2+Cl (4)

A slurry reactor, however, raises the H2/CO ratio that the catalyst
actually sees owing to combination of a higher mass transfer

coefficient for hydrogen and a higher CO consumption by reaction 2.
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2. Eye.n. if carbon formation does occur, the slurry reactor offers the
possibility for its removal.

3. Catalyst‘ deactivation can be handled by means of periodic
catalyst withdrawal and addition, whereas replacement of fixed-bed
catalyst requires a shutdown.

4'. Distillate production requires low reaction temperatures for good
yield. Because of uniform temperatures, a slurry reactor can be run
qpntinuously at end of run temperature for the fixed-bed reactor and
give equivalent yield distribution. This gives both high reactor
productivity and the potential for higher pressure steam generation.

Weighed against these advantages are the need to provide for product
remqval and sqparation from the catalyst as well as facilities for
continuous addition of preactivated catalyst.

Since the fixed-bed reactor is not applicable to low H2/CO ratic
opg:ration, our DOE study will evaluate fixed-bed operation at a 2 to 1

ratio versus slurry bubble column operation at the low ratio out of a Shell
gasifier. Because of the hydrogen deficiency, steam will be added to
conform with stoichiometry. The two processing schemes will be quite
different between the gasifier and the downstream processing units.
These, however, will be kept essentially unchanged. It is expected that the
slurry reactor system will have an advantage under these assumptions and
we hope to quantify this advantage in the remainder of our study.
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Addendum
Limiting Fischer-Tropsch Models

Model 1
Plug Flow Both Phases

(1 + a*)In(l - XH) + a* X4 = - K/ISV
Plug Flow Gas - Fully Mixed Liquid
((e*XH +(1 + a™Y)In(1 - xg/Y)H(1 + a*n) = KM/SV
where
Ye(1-n)/1+a"n)
n = XH/(KR/SV)

Model 3
Both Phases Completely Mixed
XH(1 + a*XH)Y(1 - XH) = K/SV
in all cases:

KR = kH eL/HH, Km = kpa/HH

KR.KM
|
KR + KM
GHSV T 1013
= X X
3600 273 P

vations of Deckwer ((1981) and Bukur (1983) and all models

Models 1 and 2 follow the deri .
er in hydrogen concentration.

assume the reacition is first ord
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Notation
a gas-liquid interfacial area, m-1
CCat catalyst concentration, kg/m3
Gz hydrogen concentration in gas phase, kg mole/m3
C*HL hydrogen concentration liquid, in equilibrium with gas, kg moie/m3
CH. hydrogen concentration in the liquid phase, kg mole/m3
D I.D. of reactor, m
GHSV  Gas hourly space velocity, Nm3 (H2+CO)/[h - m3 reactor volume], (reactor volume Is
expanded slurry height times cross section area)

H solubility coefficient of hydrogen = CHG/C*HL.
| inlet ratio of CO/H2

kL liquid side mass transfer coefficient, m/s

KH effective reaction rate constant for hydrogen consumption, s
(note that to agree with space velocity in Nm3/[s-kgCat], kH =
kH'-C'Cat where kH' is in m3/[kg-s]

Length of expanded slurry bed, m

pressure, kPa

rate of hydrogen consumption, r = ki-CHL, kg moles/[m3-s] |

Space velocity in actual m3 inlet gas/[s:m3]

temperature, °K

Usage ratio of CO/H2

hydrogen fractional conversion per pass (If U = I, XH = XCO)

contraction factor, a=[m3/s(XHp+CO=1)-m3/s(inlet)}/[m3/s(inlet)]
contraction factor modified for H2 conversion, a* = a:(1+U)/(1+1)
fractional liquid hold-up

Q — -~ Oor
s ® peoe
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Table 1

Comparison of Catalyst Loadings

kg/m3

Slurry Reactor Fixed-Bed Reactor
Particle density, kg/m3 3100 1500
Liquid density, kg/m3 670
Slurry density, kg/m3 922
Slurry concentration, kg/m3 323
Gas holdup or voids, % : 25 37
Loading (reaction volume), kg/m3 242 945
Heat transfer tubes, % 15 40
Heads & Disengagement, % 20 25
Loading (reactor volume), kg/m3 165 425

12

RN



i B

Figure 1
COMPARISON OF MODELS
HYDROGEN CONVERSION VS STANTON NUMBER
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APPENDIX E

SLURRY REACTOR DESIGN STUDIES

METHANOL AND MIXED ALCOHOLS
DESIGN DATA SHEETS

Table E-1
Table E-2

Figure E-1
Figure E-2
Figure E-3

Contents

Methanol! Synthesis

Equipment List - Slurry Reactor Case
Equipment List - Fixed-Bed Case

PFD - Methanol Synthesis - Slurry Reactor Case
PFD - Catalyst Pretreatment - Slurry Reactor Case
PFD - Methanol Synthesis - Fixed-Bed Case

Mixed Alcohols - Octamix™
Process Flow Diagram (Lurgi)
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APPENDIX F
SLURRY REACTOR DESIGN STUDIES

FISCHER-TROPSCH
DESIGN DATA SHEETS
Tables
F-1 Material Balance - Slurry Reactor Case
F-2 Equipment List - COS Hydrolysis and Cooling
F-3 Equipment List - Selexol Acid Gas Removal Plant
F-4 Equipment List - Syngas Compression Plant
F-5 Equipment List - F-T Reaction Section
F-6 Equipment List - F-T Gas Plant
F-7 Equipment List - COp Removal Plant
F-8 Utility Summary - Slurry Reactor Case
F-9 No Table - Cancelled
F-10 Material Balance - Fixed-Bed Case
F-11 Equipment List - Shift Conversion and Cooling
F-12 Equipment List - Acid Gas Removal - Rectisol
F-13 Equipment List - Syngas Compression |
F-14 Equipment List - F-T Reaction Section
F-15 Equipment List - F-T Gas Plant
F-16 Equipment List - CO; Removal Plant
F-17 Utility Summary - Fixed-Bed Case
Figures
F-1 BFD Product Refining - Slurry Reactor Case
F-2 PFD - COS Hydrolysis
F-3 PFD - Acid Gas Removal - Selexol
F-4 PFD - Fischer-Tropsch Synthesis
F-5 PFD - Catalyst Pretreatment
F-6 PFD - F-T Gas 2lant
F-7 PFD - CO2 Removal
F-8 Steam Diagram - Slurry Reactor Case
F-9 BFD Product Refining - Fixed-Bed Case
F-10 PFD - Shift Conversion Plant
F-11 PFD - Acid Gas Removal - Rectisol
F-12 PFD - Fischer Tropsch Synthesis
F-13 PFD - F-T Gas Plant
F-14 PFD - CO, Removal Plant

F-15 Steam Diagram - Fixed-Bed Case
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SLURRY REACTOR DESIGN STUDIES
CONTRACT NO. DE-AC22-89PC89867

ADDITIONAL CLARIFICATION AND ERRATA

ANSWERS TO QUESTIONS FROM DOE PERSONNEL

1. What is the basis used for choosing the plant size at 20,000 BPSD? The gasifiers
have three trains, but some of the downstream sections only have one train.

Answer: The basis was three Shell gasifiers of the largest size currently being
considered (2500 TPD of coal). The resulting production of roughly 20000 BPD of
products was deemed to be a reasonable commercial scale operation. The number of
trains in each case are as follows:

Number of Trains

Plant Section/Case Slurry Fixed-Bed
Coal Gasification 3 3
Shift Conversion or COS Hydrolysis 2 2
Acid Gas Removal 2 2
Syngas Compression 1 1
Fischer-Tropsch Synthesis 1 1
F-T Gas Plant 1 1
CO2 Removal 3 2

1 1

Upgrading Units

2. If an iron catalyst pellet is used in the fixed bed reactor, it should have some silica
(inert) as a binder. Were Satterfield's data on the fixed bed reactor based on catalyst
weight including silica, if pellets were used? What were the catalysts used by
Satterfield; fused or precipitated iron?

Answer: Satterfield and coworkers at Exxon used fused-magnetite catalyst with 64.4
wt% Fe. At MIT (slurry) it was crushed to 270-325 mesh, at Exxon (fixed-bed) it
was 170-230 mesh. In the fixed-bed reactor the catalyst was diluted 10:1 by volume
with silica sand of the same particle size. Results were correlated in each case per
unit weight of catalyst (not inert). The pressure drop in the fixed bed reactor was
0.05 to 0.22 MPa, but the authors calculated that this did not affect their results (see
Satterfield, et al, L.LE.C.Fund., 24, pp 450-454, 1985).

3. What does 30°F mean in the discussion on Page 25 (last paragraph) under 4.1.2
Reactor Design?

Answer: In the context cited, 30°F refers to the approach to equilibrium used to

calculate the conversion in a fixed-bed methanol reactor operating at given outlet
temperature.
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4. What is the ultimate conversion in the slurry F-T reactor case, when compared to the
97% ultimate conversion in the fixed bed case?

Answer: Single pass and ultimate conversions may be back-calculated from Tables 4.3
and 4.4. The following values are obtained for Hz, CO and syngas conversion:

Fixed-Bed Slurry
Per Pass Ultimate Per Pass Ultimate
CO Conversion 37.17 96.32 82.93 05.67
Hj Conversion 36.74 94.52 72.28 87.58
H; + CO Conversion 36.89 95.15 79.63 93.25

Differences between actual ultimate conversion and 100% conversion have to do
with losses to the bleed stream and the amount of hydrogen product removed for

treating the products.
ERRATA
Title Page Add the name "Elaine Chang, Process Engineer".
2.4.1 5 3 12 Change "31000 cm/s" to "31000 cm?/s".
2.4.2 1 4&5 12 Should read "(2) is required in most
expressions for predicting mass transfer
coefficient."
2.4.2 4 last 13 Change "egl1"to "egl-1".
433 5 7 40 Change "increased" to "increase".
4.7 1 last 57  Change "0,7 m/s" to "0.07 my/s".

Appendix C - CSTR Model - page 3 Change equation under Assumption 8 to read:
PP "k'H = 3,3.109-¢(-130.000/RT).(1100/P)0-5".

Appendix D - last paragraph - page 4 ~ Change "15 m/s" to "0.15 m/s".

Insert Dated 9/28/90
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