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ABSTRACT. 

This report is part  of the ongoing study of industrial electrochemical 

processes for the purpose of identifying methods of improving energy e f f i -  

ciencies. A canputerized l i terature search of past and current chlorine 

generation methcd,s was.performed.,to identify basic chlorine production pro- 

cesses.. Over 2.00. pertinent references are cited kvolving 2 0 separate and ' 

dis t inct  chlorine processes. Each basic process is evaluated for its 

engineering.and econanic viabi l i ty  and energy efficiency. A flow diagram 

is provided for each basic process. Four c r i te r ia  are used t o  determine 

the ?st pranising processes: raw material availability, type,and amount of 
. . . . . .  . 

energy required, by-product .. . . d-d/disposal and status of development. 

. .The most praniskg processes are determined t o  be the membrane process 

(with and without catalytic electrodes) , Kel-Chlor , m a y  (direct electrol- 

ysis of hydrogen chloride), the Shell process (catalytic oxidation o f .  
. . . 

hydrogen chloride) and oxidation of mi& chloride. Each of these 

processes is £urther studied t o  determine what ac t iv i t i es  ins$ be pursued. 
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1.0 SUMMAITY AND CONCWSIONS 

The chlorine industry is the second largest consumer of e lect r ic i ty  a m g  

all electrochemical industries. In'197.7 alone it consumed almost 35 bil l ion 

kilowatt-hours of fuel energy, 92 percent of which was used t o ' p a e r  diaphragm 

+d mrcury cel ls . (  These ce l l s  have an overall energy efficiency of only 

1 2 ,  -cent, ' and current research indicates that improvemnts i n  this situa- 

t im are nut expected in  the near future. 

Any significant reduction in  the. chlorine industry's consumption of 

e lect r ic i ty  wmld require large scale introduction of e i ther  electrolytic o r  

non-electrolytic processes with an overall energy efficiency of 15-20 per- 

cent. Processes of this nature have been investigated over the years w i t h  

varying degrees of success. This study was unde,*aken for the Department of 

Ehergy (DOE). Its purpose is t o  identify chlorine production processes 

which are econcnnically viable and more energy eff ic ient  than the brine elec- 

trolysis  systems in  use today. 

The project was in i t ia ted by conducting a broad, camprehensive l i tera-  

ture and patent search and by solici t ing information fran personnel i n  the 

chlorine industry. As a resul t  of this effor t ,  past and present chlorine 

production processes were identified and analyzed. Processes w e r e  then 

'grouped into 20 basic categories and evaluated numerically according t o  fo& 
. . 

pre-selected cr i ter ia :  raw material availability; type and a~wlt of energy 

required: by-prduct. salabi  l i t y / d i s p a s ~ i t y :  stakus of dde5kio-t. 
. ' 

, , 

Raw material availabil i ty was  of special importance.since DOE is 

primarily interested i n  chlorine production processes which are both energy 

and cost efficient.  Supplies of raw material plentiful  enough t o  produce 

500,000 metric tons per year (five percent of annual chlorine production) o r  

more w r e  considered acceptable t o  m e e t  this f i r s t  criterion. 

The type and amount of energy used constitutes a necessary cri terion i f  

the principal objective of achieving energy efficient  production is t o  be met. 

Non-electrolytic, lcw temperature processes were given highest consideration; 

electrolytic and high temperature processes (600°C) wre judged the least 

desirable. 

The third criterim, salabi l i ty  or  disposability o i  by-products, ref lects  

e n v i r m t a l  concern about those processes which produce liquid or  solid 

1 



wastes. Althmgh. there are  penalties for improper disposal of wastes, th i s  

does l i t t l e  t o  al leviate the e n v i r m t a l  problems created by thei r  presence. 

Therefore, processes which do not produce waste products were given a higher 

numerical rating than those w i t h  major solid or liquid waste streams. 

Status of d e v e l o p n t ,  the fourth cri terion,  was chosen because of the 

need t o  introduce energy eff ic ient  processes as  soon as  possible. Processes 

which have been demonstrated only i n  the laboratory or on bench-scale received 

a low numerical rating, since they wuld require considerable time and exten- 

sive fundinq before they could becane 0perat.i ma1 and ccmmerrcialized. 

msed c8-1 these tour c r i t e r i a  and prelimina.ry econcknic analyses, the 

most prcnnising chlorine production processes appear t o  be: 

The membrane c e l l  (with and without hydrogen and oxygen electrodes) ; 

Kel-Chlor (hmogenous catalytic oxidation of hydrogen chloride); 

r Mobay (direct  electrolysis of hydrogen chloride); 

The Shell Process (catalytic axidatim of hydrogen chloride); and 

Oxidation of m n i u n  chloride. 

A s  a result  of the in-depth l i tera ture  search and process review, the 

authors have identified three areas where recent R&D effor ts  have led or w i l l  

lead t o  developmt of more energy eff ic ient  processes. The f i r s t  and second 

are being extensively studied by the chlorine industry, and it may only be 

necessary for DOE t o  monitor new findings. The third area, which addres.ses 

the most energy eff ic ient  of the production methods studied, is unproven f r m  

an ecmamic and technological standpoint and w i l l  require considerable R&D 

e f f n r t s .  

The Mmbrane C e l l  - 

The m&rane cell appears t o  be the  most econcanic and energy efficient  

chlor-alkali process of the  sodium chloride based p r m s s ~ s  ~xarni.nd, Wvel- 

opmental effor ts  on this process are underway a t  several laboratories world- 

wide and. it is considered by m y  people t o  be the "chlorine process of the 

future". This process offers an additional advantage in that it is free of 

e n v i r m t a l  problems plaguing current chlor-alkali production methods. 

This report identif ies a nmber of second generation process improvemmts 

for the membrane c e l l  area, including generatian of co-products other than 



caustic soda, use of more efficient electrode materials and development of 

m e  efficient  c e l l  designs. It is recamended that  further developments 

i n  the three areas be closely m i t o r e d  and supported, as  needed, since 

significant advances are expected within the next few years. 

Conversion of FJaste Hydrogen.Chloride t o  Chlorine 

Three processes have been identified which convert waste hydrogen chlo- 

r ide t o  chlorine: Shell, Kel-Chlor and Mobay. The l a t t e r  two are already 

operational and ha& a proven capacity for considerable energy savings. The 

Shell process, hmever, is not currently used in the United States and its 

potential and feas ibi l i ty  should be investigated. Kel-Chlor also requires 

additional research. Previous econanic studies indicate that  Kel-Chlor has 

many econcany-of-scale'advantages over the other two processes but no R&D work 

has been accamplished t o  date on its application t o  small production plants 

(100-200 tons per day). 

Oxidatim of Ammonium Chloride 

Conversion of waste ammanium chloride t o  chlorine was identified as  the 

mst energy efficient  chlorine production method which is also econcknically 

viable. The ab i l i ty  t o  implemeslt this conceptualized process depends upon 

four factors which require further investigation: 

a. the availabil i ty of ammonium chloride i t s e l f  or  mans t o  produce . 

the chemical campounds ecmomically; 

b. the conversion efficiency of nitrosyl chloride t o  chlorine and 

nitrogen dioxide a t  l o w  temperatures catalytically. The catalyst 

is needed t o  m a i n t a i n  minimal energy requirements; 

c. the kinetics of the i n i t i a l  reaction between ammonium chloride and 
. . 
' nitrogen dioxide. Neither the reaction rates nor the conversion 

efficiency were sufficiently characterized by ear l i e r  investigators; 

dnd 

d. the sepwation of m n i m  n i t r a t e  from amcmiurn chloride by 

fractional crystallization i f  less  than 98 percent conversion 

efficiency is attained i n  the i n i t i a l  reaction. The 98 percent 

conversion efficiency is a requkement of the f e r t i l i z e r  industry. 



2.0 INTRODUCTION 

This report for the Office of Electrochemical Project Managerent, 

Argme  National Laboratory, is m e  of a series of studies t o  identify 

energy efficiency improvemnts i n  electrochemical industries. To perform 

this task, a comprehensive l i tera ture  and engineering survey, which identi- 

f ied existing and potential chlorine prduction processes, was undertaken. 

An energy use study of each process w a s  conducted t o  determine areas of 

future energy savings. The baseline tecl-!nolcgj.es fran which t o  determine ' 

energy savings are the currently used diaphragm and wrrl'l-wy cells using 

dimens.i.a~ally stable anodes. 

Sectiwi 3 of che repO??t describes the information gathering effort.  

This effor t  was skdivided into three act-ivi-tias: cmpter ized l i tmature  

search, mual li tera ture  search and interaction w i t h  industry persannel. 

The section also presents the list of basic processes resulting frcan the 

data search. 

Section 4 presents a descriptim and analysis of each basic process. 

Each process is charaderized by its developmnt history, scientif ic  basis, 

engineering design and ecmcanic characteristics ( i f  available). The overall 

feasibil i ty of the process is evaluated. 

Section 5 is the energy efficiency analysis. For each process me 

theoretical energy use per kkg of product is determined. Ehergy penalties 

are assigned t o  those processes which do not produce caustic and/or hydrogen 

or c o n s m  chemicals which are in  short supply or which might be used more 

profitably elsewhere. 

Section 6 uses the analyses fran the prior sections t o  rank each process 

with respect t o  four cr i ter ia :  raw material availability, type and m u n t  of 

energy required, by-product salability/disposability and status of develop- 

mt. Fru111 elis analysis, recanmmdations are provided for future act iv i t ies  

t o  enhance energy efficiency in  the chlor-alkali industry. 



3.0 IDENTIFICATION OF BASIC CHLORINE PRODUCTION PROCESSES 

A detailed search was mde of the l i tera ture  t o  locate information on 

a l l  proposed chlor-alkali processes. Contacts were established with a 

number of chlor-alkali manufacturers t o  gain further input on current 

research efforts.  Each of these effor ts  is described below. 

3.1 Literature Search Using Computer Data Files 

Counputer searching for alternate chlorine productim processes 

employed 1 2  data base f i l e s ,  which are briefly described below. 

The National Technical Information Service f i l e  (NTIS) contains 

a l i s t ing  of reports of goverrment-sponsored research f m  over 

240 Federal agency units and sorne s ta te  and local agencies. 

Entries date back to 1964. 

The Smithsonian Science Informtion Exchange f i l e  (SSIE) provides 

a summation of research pmjects currently in progress or  recently 

The O=nnpendex data base is the on-line version of Engineering 

Index, which abstracts information from approximately 3,500 . - 
journals, papers, and government reports. Ehtries begin with 

1970. 

The Chemical Industry Notes f i l e  (CIN) contains bibliographic 

informtion on current affa i rs  i n  the chemical marketplace, 

including new products and processes and corporate actions. 

The Chemcon, - CA mndensates/~asia 77 and 72-76, and CA andensates -- -- . - 
70-71 f i l e s  are on-line bibliographic data bases corresponding to 

the Chemical Abstracts publications. Coverage in C h m n  is from 

1972 to the.present and i n  the CA Condensates f i l e s  from 1970 t o  the - 
present. 

a The QIemname . f i l e  is an on-line l i s t ing  of chemical substances with 

thei r  corresponding Chemical Abstracts e g i s t r y  nmbers. 
I 

e The Scisearch f i l e  includes 90 percent of the m r l d ' s  sc ient i f ic  

literature and is indexed by citations referenoed in l i s ted  ar t ic les .  

. . .  Coverage is from 1974 to the present. 



?he Energyline f i l e  contains multi-disciplinary mterials 'dating 

back to 1971 and relating to energy. Included are  references to 

journals, conference proceedings, speeches, and s ta t i s t i cs .  

The Clai.m/Chem f i l e  contains all patents in  the Chemical Section of 

the U.S. Patent Office's Official Gazette dating back to 1950. 

Also included are those patents from the Electricdl and Mechanical 

sections which are chemically oriented. 

Zictual searching in the NTIS, - Compendq, Ehergyline, - SSIF:, Clh-emmn, -- 

Cm, and en Condensates f i l e s  b e q a  w i t h  combinat.i nns nf the frl.llIc\w* - .- 
key mrds : 

chlorine 

chlor-alkali 

caustic soda 

process 

manufacture 

production 

hydrochloric acid preparation 

sodium hydroxide 

In addition, same of these searches w e r e  expanded o r  refined by use 

of techniques specific to the particular f i l e  i n  question. For example: 

the CIN f i l e  was  searched by category code "en (Products and Processes), - 
by specific manufacturer product n m ,  and hy t k  descriptors "new proccas" 

and "energy conservation". 

In the NTIS f i l e ,  the basic strategy was  refined to select  citations - 
indexed by the following category codes: 

71 Q Solvents, cleaners and abrasives 

90 B Chemistry 

90 f FJectrotechnology 

94 a . Production planning and process controls 

94 g Manufacturing processes 

97 b mergy use, supply and demand 

99 b Tndi.lstria1 c h h t r y  and chanical process 
engineering 

The - CA Condensates f i l e s  were searched by the Chemical Abstracts Registry 

'Number for Clz (retrieved from the Chmm f i l e )  and refined by use of 

category codes to eliminate unwanted material. Fbr.example, the set containing 



a l l  citations having category code CA070 (Nuclear Phenomena) was subkracted 

from the general set.  An attenpt was made t o  refine the citations by 

focusing on energy considerations, but nearly a l l  retrievals were of nuclear 

level and not useful here. 

The Scisearch f i l e  w a s  searched w i t h  names of companies known o r  potentially 

active in the f ie ld  of chlorine manufacture or  equipment design. 

The Claims/Qlem f i l e  was  searched using sixteen U.S. Patent Office 

Classification Codes beginning with the n-rs 423 (Inorganic Chemistry) 

and 204 (Chemistry, Electrical and Wave Energy). 

3.2 Manual Literature Search 

In addition t o  the computer sources, a l i s t , o f  processes proposed prior 

to 1962 w a s  obtained f m  J. S. Scmce, C h l a r i n e ,  Its Manufacture, Properties 

and U s e s ,  R. E. Krieger Publishing Canpany, Iiuntbgtm, New Yark, 1972. 

This text provided valuable references to a number of earlier efforts.  A 

m u a l  search of Chemical Abstracts was performed for the 1962-1978 period 

in an effor t  t o  locate any additional references not found by the computerized 

searches. 

3.3 Industrial Contacts 

In addition t o  l i tera ture  search effor ts ,  contacts were established 

with a numker of trade organizatims and individual producers, Industry 

respadents are l isted in Table 1. 

Additional effor ts  were made t o  so l i c i t  similar information, without 

success, from a nLnnber of other organizatims. In a l l ,  21 organizatims 

w e r e  contacted concerning new R&D mrk  i n  the chlor-alkali area. 

3.4  Information Search Results -. . -- - .. - 

In a l l ,  over 200 references were located. All papers and patents were 

obtained, examined and abstracted t o  develop ir;fomtim on the processes 

described in t h i s  report. 



Owanizatian P~~ CQn- Significant RP.SII~ t.s 

3. Case Western University 

4. Fullman, Kellcg 

5. General Electric 

' I .  Allied Chemical 

8. PFG Industries 

9. r2l.in C c q a a t i c m  

10. mt 
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Mr. Joe Iawe~, No specific data 
R&D Director, offered. 
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Dr .  D. J. Vaughn, Meeting w l t h  Wait 
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d L w t s .  
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hgineer, Asahi Chenical vided an current 
Industry Canada, EJD. nmbrane cell efforts. 

M r .  F. A. Akiers, Data provided on 
General Manager Vicksburg p m s s .  



To include a l l  chlorine production techniques, the systems identified 

i n  the l i tera ture  &d patent searches and from contacts with chlor-alkali 

producers were classified into 20 fun-tal processes l i s ted in Table 2. 

In the classification system, patents or  publications involving 

successive steps in the d e v e l o p n t  of an overall process have been group3 

together as  one process. Patents treating minqr variations of one basic 

process have also been grouped together under the,,one.basic process. An 

example is the heterogeneous catalytic process for oxidation of hydrogen 

chloride, where a n m h r  of similar processes start ing with the abandoned 

Deacon process were developed using iron or copper chloride catalysts. 

Over the years, several d i f i c a t i a n s  (by Olin, I C I  and others) =re mde 

in the original process, which included c w g e s  in operating par-ters 

and system design, while keeping the basic process chemistry the sane. A l l  

sub-processes are grouped together for ease of discussion and only the most 

promising of these.are discussed and evaluated i n  l a te r  sections. 



Table 2 

Basic Chlorine Productim Prrxesses 

Membrane C e l l  (E) 

6-Alumina Membrane C e l l  (E) 

mwns C e l l  (E) 

Catalytic Oxidation of HC1 Using Metal Chloride Catalysts '(N-E) 

Catalytic Oxidation of IICl Using Rare Earth Catalyst (N-E) 

Kel-Chlor (N-E) 

G+talytic Electrolysis of HC1 (E) 

Diroat flcotrolyoio of FIC1 (l3) 

Oxidation of FeC13 - Sal t  Corq?lex (N-E) 

Oxidation of Ammnium Chloride (N-E) 

Catalytic Oxidation of Ammonium Chloride (1J-E) 

Cnnversion of Sal t  Using Sulfur Oxides (N-E) 

Conversion of HC1 Using Sulfur Oxides (N-E) 

Conversion of HC1 1Jsi.ng Hydrogen Percutide (N-E) 

Nitrification of Potassium Chloride (N-E) 

Nitrification of Salt  (N-E) 

Oxidation of Sal t  on Clay mdia (N-E) 

Oxidation of Sal t  Using Sil ica Q X p u x &  ( W E )  

Electrolytic Conversion of Magnesium Chloride (E) 

High Tenperature Convasim of Sa l t  Plasma (N-E) 

(E) - Electrolytic Process 

(N-E) - Non-Electrolytic Prnceqs 



4.0 D?ZXXDTION OF BASIC ORINE-PRODUCING PROCESSES 

A s  discussed i n  Sectim 1.0, current electrolytic chlorine producticm 

processes are inefficient relative to energy utilization. As a result, 

Sections 4 and 5 w i l l  at-t to identify chlarine-producing processes that 

are ecananically cmp t i t i ve  and mzre energy efficient than present 

carmercial units. 

This sectian describes in detail  the prucess history, scientific basis, 

engineering aspects, and, where possible, the ecmanics, of 20 p- 
cesses identified in Sectim 3.0 as  being patentially ccmpetitive w i t h  the 

mercury cell and diaphragm cell processes. Far caparative purposes, the 

following briefly describes existing electrolytic technology. 

~n the mercury cell process sham in Figure 1, t h  cells produoe 

chlorine gas and sodium amalgam. The chlorine is pure k t  mzst be dried 

w i t h  sulfuric acid and conpressed before liquefactian. The sodium amalgam 

is mvqd to a denuder s e c t i c r m  where it is washed w i t h  water, producing 

caustic, a t  a cancentratian of 50 percent by weight, and hydrugen. The 

mercury is recycled to  the cell. A recent concern w i t h  m m u q  cells is 
the cmtrol of nrercury emissians. 

In the diaphragm cell sham i n  Figure 2, a cancentrated brine is 
, electrolyzed w i t h  the anode and catbde sections separated by a diaphragm 

which a& to retard the diffusicrm of hydrogen and caustic fran the cathub, 

where they are produced, to the anode. If  such a separator is not present, 

and chlorine cauld mix, farming explosive mixtures, and hydroxide icns 

cmld react w i t h  the chlorine to yield undesired chlorates and perchlorates 

via cmpeting electr~chmical mechanisms. In the diaphragm cell process, 

the chlorine liberated a t  the d is reccrvered, dried by passage through 

-centrated sulfuric acid, catpressed, liquefied and readied for dle. 

The co-prduck hydrogen is also ampressed and either sold or used on-site 

for its chemical ar fuel value. The caustic formed a t  the cathode i n  a 
diaphragm cell operation is 8 t o  11 percent in strength. It normally n u s t  
be concentrated by evaporaticrm of water, f i r s t  to 50 percent t o  effect pre- 

cipi tat im of salt values present and, i f  desired, to higher values to 

reanmr solid products. 



A. Pure htine Iced header F* H y d v n  mllmt.ion hrndpr M. A n d r  nipport stnldllre R. Decornpofier 
B. D~pletcrl brine collection F. Cnt~etic r n l l r ~ t i ~ n  hrn~irr N. Marrt~ry pump nnd ar~rnp S. Cemnt  bwnker 

header G. Pure wntcr fm€ hrntlrr tn inlet Rtlcmr cover 
C. Btrong chlorine header end T. CFll rhorting awiteh 

D. Pure wnbs feed header to de- R. To mercury tmp nnd LPIF~ Concrete ~ u t  U. Amalmm retttm 
compost In Anode poat mi plnte amemhly Q. Dilute chlorine header V. Quick flushing device 

Figure 1. Mercrary c e l l  and amalgam decomposer. 
(de Uora 200,000 ampere cell, Ref. 13) 





4 - 1  Membrane Cell 

In this subsection, we discuss three emerging areas i n  chlorine tech- 

nology: 

(a) Ihe &ram cell process itself. 

(b) U s e  of the membrane cell w i t h  improved cell catkdes eqloying 

e i t k r  the oxygen electrode or  a catalytic hydrogen evolution 

electxode. 

(c)  Use of UI~ II'HI~LGU~! -11 to pmducy! m-prcrducI;S t&her than cau+rt.ic: 

4.1.1 Ibnbrane C e l l  Process 

4.1.1.1 Process Histary 

-1-t of the nm'brane cell technol.pgy began i n  the mid-1960's 

w i t h  concurrent efforts  undertaken at  Asahi  Chemical Capany, i n  Osaka, 

Japan, and a t  the E. I. DuPont de Nemurs Corporate Laboratories in  the 

Wted States. Asahi Chemical Capany developed a mdxane constructed of 

a polyperfluorccarboxylic acid, the exact caqmsitirm of which has not beem 

disclosed. The DuPont effor ts  centered around develqmat nf a polymeric 

mmbrane using polyp~rfluomsulfuric acid and viere f i r s t  reparted i n  W.G. 

Grut ,  U. S. Patent 3,718,627, February 1973 (assigned to DuPont) . ' Since 
then, DuPant has made a nmker of further inprcmmmts in their d r a n e  

based upcn ethylen ediamine W i e d  material. 

Testing of these two mntjrane materials for cklor-alkali applications 

began i n  t k  early 1970's i n  Japan and the U.S. Mmbrane type chlor-alkali 

cells we= developed and tested, using these polymric materials. In t b  

U.S., DuFmt entered into a -1-t program w i t h  the Dkmnd &amuck 

Corporatian to evaluate and develcp nmbrane type cells using the perflmo- 

sulfuric acid p1ym.r (called N a f i a n )  mmhranes. 

!I& &athe cell is currently in use at m a 1  fac i l i t i e s  in the U.S. 

and Canada. Other U.S. organizations including Hcoker chemical, Allied 

chenical, and B. F. Goodrich have Segun evaluatim and developmtal 

effor ts  based an the use of Nafion-type membranes for this type of cell. 



The A s a h i  Chemical membranes have undergone similar d e v e l o p n t  and 

evaluation in  Japan. ' ' TLm other Japanese firms, the Asahi Glass C q a n y  

(not aff i l ia ted w i t h  A s a h i  Chemical) of Tokyo and Tokoyama Soda Ccanpany have 

entered the membrane f ie ld ,  using fluorocarboxylic acid-type Itlembranes. Thus, 

there are a t  least  s i x  potential producers of membrane ce l l s ,  and 

developental ef for ts  are  underway t o  u t i l i ze  this technoloqv fully. . -. 
. . 

4.1.1.2 Scientific Basis 

The menkrane c e l l  d i f fers  from the diaphragm c e l l  in that  the Itlembrane 

only allows passage of positively charged ions (i .e. ,  ~ a +  or  H ~ o + )  This 

effectively prevents ' diffusion of either hydroxide or  hydrogen and allows 

caustic or  other solutions to be used as  the catholyte. As hydroxide ions 

are formed a t  the cathode, overall e lect r ical  neutrality of the catholyte 

is maintained by permitting sodium ions t o  move f r m  the anolyte capa r t -  
. . 

ment through the membrane. This permits d i rect  prcduction of caustic 

solut ims of strengths up t o  30 percent, significantly reducing the m u n t  

of evaporatim required when compared t o  convent.iona1 display cells .  Also, 

since chloride ims do not diffuse through the membrane, a relatively 

chloride free caustic is generated. 

In . the  operation of a membrane-type cell, cmcentrated, fresh sodium 

chloride brine is fed t o  the anolyte ccarrpar.tment of the cell, while a 20 t o  

30 percent caustic solution is circulated in the ancde cmpartment. With 

application of e lect r ic  power t o  this system, chlorine is liberated a t  the 

ancde, and sodium ions diffuse through the membrane t o  the catholytic cam- 

partment, where simultaneously, hydrogen is liberated via the electrochemical 

reac t im : 

In the catholyte chamber, sodium ions enter via the w a n e  and c h i n e  w i t h  

hydroxyl ions t o  generate caustic: 

~ a +  + O K  -t NaOH 

The caustic is drawn off for  further concentration of sodium hy&oxide 

as desired. 



4.1.1. 3 Engineering 

Figure 3 shows an overall membrane c e l l  process diagram. The process 

consists of the following six operations: 

(a) Brine Make-up - Salt is dissolved in water to produce a concen- 

trated brine solution. This solution is f i l tered t o  remve any 

undissolved material and pumped to the brine purification system. 

b) Brine Purification - Brine purification is required because the 

rrambrane c e l l  is sensitive t o  impurities, which foul the membrane. 

An existing comercia1 chlor-alkali plant that uses h r a n e  ce l l s  

without brute puriti.ca.l;;ic3ii Wt wash The wnbrait! clilily w i U ~  l~y&u- 

chloric acid t o  r m m e  impxities t h a t  inter£ ere with process 

operations. For brine purif icat im, s d a  ash and strontium or 

barium salts are added t o  the makeup t o  resnwe calcium, magnesium 

and sulfate ions via precipitation (i.e., softening p m s s ) .  The 

precipitates, calcium carbonate and magnesiun hydroxide, are rmcsved 

f r m  the brae by filtration and the purified brine is fed t o  the 

anolyte ccnnpartment of the membrane cel l .  Asahi Chemical Industry 

Carpany sells an i m  exchange uni t  fa r  brine purification. 

(c) Electrolysis - A direct  current is passed th rogh  the c e l l  himeen 

the anode and cathode, and the following chemical act iv i t ies  occur: 

ahlorine i~ liberated a t  the anode, 

sodium ions enter the mePnbrane and diffuse in to  the catholyte . 

wmpartment, and 

at  the cathode, hydrogen is liberated. 

A l l  three processes operate a t  canparable rates to maintain overall 

e lect r ical  neutrality of the different cell ccarrpartmnts. In the 

catl ~u ly t e  dliu~ber., a 20 tu 30 per.rwlC cawtic slsrla soliiLio~i eircu- 

laws .  AS additional caustic is famed, part of the solution is 
wi thdrawn for  further processing, and fresh make-up water is added 

to maintain the caustic concentration in the 20 t o  30 percent range. . 

?his is required as ,the membrane cell perfoxnance declines i f  thc 

caustic ancentrat ion rises above 30 percent or  f a l l s  below 15 per- 

cent. 



F i g u r e  3 .  Maalbrane C e l l  
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(d) Chlorine W i f i c a t i o n  - The chlorine liberated a t  the anode 

contains water vapor and'2-4 percent oxygen. This is reroved 

by passing the chlorine 'through cancentrated sulfuric acid (>80 

percent). The dried chlorine is then ccanpressed, liquefied, and 

prepared for  shi-t or  use. 

(e) Caustic Purif ication - The caustic withdrawn f r m  the catholyte 

section is 20 t o  30 percent strength. I f  this is adequate for 

the custoaner, the caustic is directly packaged for sale. For 

other purposes requiring a higher strength or  solid caustic, the 

desired stra-qth is readily prepared hy evapcxatim 06 the 

solution. Evaporation is performed using a standard multiple 

eIIecL s L t w ~ i  wapata- a- a heat rccovcqT cvclporator ptmted 

by A s a h i  Chemical. 

(f) Brine Recycle - The depleted brines £ram the anolyte sectian of 

the membrane c e l l  are recycled t o  the initial brine make-up 

step for refortification w i t h  sa l t .  

while any concentration of caustic a u l d  be directly produaed by this 

method, the overall pmoess has been found to be mst eff ic ient  when generating 

caustic solutions i n  the 20 to 30 percent range. 

For a well-operated membrane plant producing caustic soda in the optimum 

amaentration range, current efficiencies of 93 percent have been quoted for 

the Asahi Chemical polyperflmrinated a.&oxyfic acid mmbrane. 2 "  " Fur. tle 

DuPont Nafion nmhranes, current efficiencies of uver 90 percent have been 
reparted. 2 I 3 I 6 I 1 2  Operating data for cells in  continuous operation over a 

nine-mnth period show that ,  bwause of inpurities present, cell efficiencies 

are about 88 percent. Efficiency drops prduce corresponding iiicrcclscs in 

c e l l  voltages and p a e r  consunption. 

m e  advantage uf the iu~rbr ix~e c e l l  ia high purity =ustic pxducticm, 

Analyses of caustic soda product generated by *Ulis mthd me listed klw. 



Table 3 

Caustic Purity Using W r a n e  Cells 

Caustic Strength 

NaCl 

ca 

. . w 
Fe 

s o 4  

c10 3 ' 

SiO 

Nafian W r a n e  Cell' Asahi Chemical Cell* 
(Diamond Sham&) 

50 ppan 

1 P P  

0.5 p ~ s n  

1 P P  

15 PW 
<SO ppm 

no data 

21.6 

20 P P  

0.3 P P  
no data 

1.3 p p  

none 

no data 

4.4 ppm 

+ Diamnd Shamrock data (E. J. Peters  and D.R. Pulver paper presented a t  ECS 
Meeting, Atlanta, Oct. 1977) 

* Asahi Chemical data  (Maomi Seko, paper presented a t  20th Chlorine Plant 
Managers Meeting, New O r l e a n s ,  Februaxy 9, 19 77) 

Similar conparisons are available for  current efficiency versus con- 
centration between the two types of cells. Asahi C h e m i d  clainr; that thei r  

menbrane cell w i l l  aperate a t  curmt efficiencies of over 90 percent while 

producing caustic in the 10 t o  40 percent range. 2 4  These data mre provided 

by Asahi Chemical Industry Company t o  show that its membrane was superior 

t o  the W o n t  mmbrane. However, an independent comparison of results  by 

E. Hermana e t  al. , shoved p ~ e ~  usages under identical conditions were 3,054 

kwh/ton of chlork-e for the Asahi rwnbrane versus only 2,744 W / t o n  of 

chlorine for Nafion. The results ,  however, were obtained using a mdified 

mercury c e l l  w i t h  a rmnbrane placed between the anode and a modified vert ical  

mrcury cathode. For the Asahi rrmbrane cell, a cell voltage of 3.68 V and 

a DC power consunption of 2,650 kwh (DC)/metric ton of sodium hydroxide has 
I 

been reparted a s  compared with a Nafion membrane i n  a Dimnd Shamrock c e l l  

of 2,765 kwh (DC) metric ton. 2 4 



Published e s t h t e s  reveal that  these values 'are expected t o  drop t o  about 

2,500 kwhlmetric ton of product in the near future. 

D a t a  have been released on the total energy requi-ts for  the me-, 

diaphragm, and I1-embrane cells. Approximate total energy r e q u i m t s ,  

including cel ls ,  evaporatim, and other energy needs t o  produce 50 percent 

caustic soluti-ms m e  reported by G. L. Fish of Diammd Shamrock as  f o l l a ~ s : ~  

W r a n e  cell1-4,100 eqyiv. k w h / ~ t r i c  ton of 100% sodium hydroxide 

Diaphragm c e l l  -5,500 equiv. kwh/metric ton of 100% sodium hydroxide 

Pkrcwy oell 3,500 equiv. kwh/mtric tcrn of  100% sdrljlrm hydrxide 

If, hmever, 20-30 percent caustic soda is acceptable as d f i r ~ k s k ~ d  pd- 

uct, a s  is the case in sane industries, m a n e  c e l l  energy requirements are 

reduced t o  -3,200 kwh/rt-etric tofi of sodium hydroxide. Thus, the mmbrane 

cell is ccanpetitive with current processes jn both product quality and 

energy needs. On-going development work is expected t o  reduce p e r  require- 

ments further. 

A amparison of cost& involved i n  the operatian for rmrbrane cell plant 

w i t h  the diaphragm oell and mreury ell plarlts 1'- recently been released by 

Asahi chemical2 and is sham i n  Table 4. 

These costs dmonstrate that chlorine can he manufactured economically 

using the membrane d l .  r~llsjre detailed cost arialysis blfo~nmticn w i l l  be 

i n  Section 5. . 

4.1.2 U s e  of t h e  M a n e  Cell w i t h  either the Oxygen Cathode 
or  a Cata&tic Hydroqen Electrode - - 

Tb use the mb&ie  c e l l  1 i 0 s L  e t twt ive ly  , additional apprcacheti 

have been suggested which, i f  hplernented, would further reduce overall 

process e lect r ical  paver requirerents . 



(3st of  Raw Illaterials and U t i l i t i e s  of  W r a n e  Cel l ,  Mercury Ce l l  and Diaphragm 
all (Cost per mtric ton NaOH (100%) and 0.89 met r ic  ton C12 ; Japanese base 

Demrber 1976; 300 yen = 1 U.S.$) 

Diaphragm Process 
Asahi Chemical's Mercury Process (Modified Asbestos 
Iknbrane Prooess (Metal Anode) Expandable Anode) 

Con- A~munt Can- m u n t  Con- Wmt  
R ~ J  Elaterial Unit p r i e  sumption ($/m-tan) s q t i 0 n  ($/m-ton) sumption ($/m ton) 

N 
Salt 

. - 

Elec t ro lys i s  P m e r  2.88C/AC-KWH 2,786 80.24 3,211 92.48 2,371 68.28 

Other Chemicals 4.00 7.46 2.72 

Etwer f o r  &)tor 2.88$/KWJ4 95 2.74 86 2.48 210 6.05 

Steam 7.72$/m-ton 0.7 5.40 0.1 0.77 3.6 27.79 

Other U t i l i t i e s  0.10 0.16 0.16 

O t h e r  Costs (Lease, nlembrane, etc.) 15.00 5.32 10.63 

To ta l  139..38 140.57 149.45 



Power needs for  the electrolysis of brines can be reduced by two means: 

(a) Reduce the overvoltage required t o  liberate hydrogen 

from brine solutions, o r  

(b) Substitute an oxygen electrode for the hydrogen evolution 

reaction as the cathodic reaction in electrochemid chlorine pro- 

duction. 

4.1.2.1 Catalytically A c t i w  Cathodes 

The f i r s t  appmch !involvco reduoing tho oxtxa mmt of e~.ectri.cz~l.. 

energy required to liberate hydrogen f m  aqueous solutions.   he following 

reactions are involved: 

(1) HPO+ + e + H20 + H' (adsorbed on electrode) 

(2) 2 H' (adsorbed) + H2 (gas). 

Curr&tly, industry generally uses mild s teel  as the cathode m t e r i a l ,  

although it is a mdiocre catalyst for the above reaction seqwnce. Its use 

results i n  an overvoltage penalty of about 0.2-0.4 volts. Sbs t i tu t ion  of a 

bet ter  catalytic mterial than .mild steel wmld greatly reduce tlie uver- 

voltage values and rebe power a3nsq t ion .  

The problem of hydrogen overvoltage has been previously studied i n  relation 

to f u e l  ell d e v e l o p n t  effor ts  and a number of prcxnising approacfies heave 

been developed. ?hese are: 

(1) U s e  of a catdyf3.c material in the cathode electrode structwes. 

Materials w i t h  superior activity include rxidcel and platinum group mtalr;, 

Coating of the cathodes w i t h  one of these materials should reduce the 

cnlplwoltage requirements. 3 7 ,  3 8  

(2) Lkvelopnent of a hydrogen diffusion electrode. ' , A s  atoric 

hydrogen is f o m d  (step 1) , it diffuses directly into and through 

a ho l lm electm& structure. If the electrode material selectively 

diffuses hydrogen, pure hydrogen gas can then be collected, free of 

any water vapor. United Technologies Corporation and LResena mas 



Corpration developed such types of electrodes in  thei r  fuel c e l l  study 

efforts.  These hollm, selective electrodes cmsist of activated 

palladium and palladium alloys. Such electrodes lrcight conceivably 

eliminate the overvoltage problem and provide a simple means for d i rect  

generation of pure hydrogen. Much of the work i n  this area has already 

been perfonred and patented. What is required is a "technology transfer" 

fram the fuel c e l l  &a t o  the chlor-alkali industry. Energy saved by 

use of this approach may be as  high a s  10 percent. Hmever, ecancnnics 

rrlay not favor the use of more expensive cathode materials. 

4.1.2.2 Oxygen Cathode 

A second approach t o  reducing pwer c o n s ~ t i o n  is the use of an oxygen 

electrode a s  the cathode.  he electrochemical reaction: 

0 2  + 2H20  + 4e- -t 4 0 ~ -  

is used t o  replace the hydrogen evolution which normally occurs a t  the cathode 

in  -rime c e l l  electrolysis. An oxygen cathode is generated by introducing 

oxygen into the c e l l  cathode compartment and fabricating the cathode electrode * 

of a material t h a t  is 'active for the electrochemical reduction of oxygen. The 

concept of applying the oxygen electrode t o  the chlor-alkali electrolytic 

process was developed by Gritner of Dow chemical4 1 and resulted in the 

issuance of three patents. Work described ii.1 these patents 3s laboratory 

scale; however, this type of effor t  is being continued not only by DOW, but 

by other chlorine manufacturing organizations as  well. 

Actually, the oxygen electrode concept i t s e l f  is not new. A considerable 

effor t  was cxpendd i l l  the l a t e  1950's through mid-1960's t o  develop oxygen 

electrodes suitable for  use i n  acid and basic media. Electrolyte systems 

studied included phosphoric acid, ml t en  carbonates and moderately con- " 

centrated solutions of potassium hydroxide. Electrode materials recamended 

include : 

(a) Various transition metal oxides and doped oxides including 

those of nickel and cobalt. 
. . 

(b) Various transition rrretals such as nickel, pXlladium, 

platinum and hod ium f o m d  in to  teflon-bonded electrode structures. 

(c) Carbon electrodes coated w i t h  various noble mtals 
(chiefly platinum and palladium) . 



(d) Silver and gold black-type electrodes. 

(e) E l e c t r o d e s  using dispersed high surface area blacks 

prepared as allays of palladium with either s i lver  o r  gold. 

( f )  A nmber of perovski& -type double oxides, chiefly 

those of d a l t  and rare earth rrretals. 

(g) Various redox type systems where a higher valence 

state salt of transition o r  rare earth m e t a l  is dissolved i n  the 

electrolyte, reduced ekctrochmicdlly to a lmer valence state 

and then &&cally oxidized in solution to continue the cycle. 

with the exception of (g) , tlle &VC app~machco warrant fu r the r  stildy 

t o  determine their applic&iJ.ity t o  thc chlor-alkali inchsstry. The l a s t  

approach is not likely t o  be useful in chlor-alkali production because of 

the potential contamination of the caustic products by redox salts. 

The oxygen cathode concept is of interest  for  the following reasons: 

(a) The theoretical oxygen electrode potential a t  25OC is 1.23 volts 

higher than the hydrogen electrode. 

(b) While overvoltage problems w i l l  exis t  for oxygen electrochemical 

reduction, a t  leas t  0.8 volts  of the 1.23 vol t  difference between 

khc hydrogen and oxygen electrodes could be saved, based on data 

from past fuel  c e l l  efforts.  A s  current chPor--aUml1 cells ope rat^ 

in the 3-4 vol t  range, a savings of 11.8 volts  translates into a 

p e r  consmption savings of 20 t o  25 percent. 

The disadvantage t o  t h i s  approach is that hydrogen is no longer co- 

produced. For plants where hydrogen is used, t h i s  approach may not be 

desirable; hovever, a t  mst plants, the hydrogen is burned for fuel  values 

and the oxygen catl ide is ZUI appropriate approach. 

The oxygen cathode is not expected t o  require modifications in the 

overallmmbrane process other than substitution of electrodes and the use 

of oxygen i n  the catholyte cell ccanparhnent. This ~ a n s  that capital 

investmnt costs for  using the oxygen cathode should r i u t  be s i g n i f i m t l y  

different £ram mare conventimal membrane cel ls .  



4.1.3 U s e  of the Membrane C e l l  t o  Produce Co-Products other than 
Caustic Soda 

Since the mmbrane is permeable only t o  positive ions, negative ions 

other than hydroxyl may be used in the catholyte chamber. Based on this 

principle, a t  leas t  .four mdifications of the membrane c e l l  have been 

developed t o  produce sodium and potassium carbonates, sodium and potassium 

phosphates, and organic alcohols a s  co-products. 

Buttre e t  al . ,  proposed the use of phosphoric acid as  the catholyte 

liquid. AS sodium ions pass through the membrane and hydrogen is evolved 

during c e l l  operation, the phosphoric acid present is converted t o  sodium 

phosphate sal ts .  With continuous make-up of phosphoric acid and withdrawal 

of equal m u n t s  of catholyte liquid, sodium dihydrogen phosphate can be 

produced a s  a solid product by subsequent evaporation of the withdrawn 

catholyte liquor. This modification was developed through the laboratory 

stage. No pi lot  plant effor ts  have been reported. 

A similar effor t  by F.L. Ramp of B. F. Goodrich electrolyzes potassium 

chloride in place of 'the norm1 sodium chloride-based brine. Again 

phosphoric acid is used i n  the catholyte section of the rmnbrane cel l .  

Simultaneous migration of potassium ions through the mmbrane and liberation 

of hydrogen a t  the cathode results  in generation of potassium dihydrogen 

phosphate. Because catholyte liquors are continually withdrawn fran the 

system during operation and fresh phosphoric acid is added, the withdrawn 

liquors need only be evaporated t o  obtain the phosphate co-product. Effi- 

ciencies of 99 percent were reported using a Nafion mmbrane and a 

dimr~siunally stable anode i n  the test cell. According t o  patent data, 

this work was successfully carried through the pi lo t  plant development stage. 

Current use of this,approach has not been determined. 

A third proposed modification of the mmbrane cell process allows 

simultaneous production of either soda ash or  potassium carbonate as  a 

co-product. In both cases, carbm d-i-oxide is continually introduced i n t o  

the catholyte c e l l  chamber in which a 25 to 30 percent sodium.or potassium 

hydroxide solution is circulating. Reaction of the carbon dioxide with the 

caustic soda or  caustic putash generates the corresponding carbonates. A l l  

other operating conditims remain the sam. The carbonates can be recovered 



£ran the catholyte liquors by evaporation. A l l  t e s t s  of the process were 

perfom& using Nafion m r a n e s  and dhwnsionally stable anodes. Current 

efficiencies of over 97 percent were reported for both cases, and chloride 

impurity levels f r m  the carbonates generated were found t o  be about 800 ppm 

for  the sodium s a l t  and from 50 t o  860 ppm for the potassium carbonate. 

These carbonate co-product schenes have been successfully carried through 

the pi lo t  plant evaluation stage. Patents were granted t o  K. J. O'Leary, 

C. J. Hora, and D. L. reRespiris, assigned t o  Dimnd Shamrock Corporation. 

Comparative cost  data for these and other ~ t h o d s  of preparing sodium and 

potassium carbonates have riot yet beer1 released. NQte that sodium carbanate 
is cur.re~1L1.y p~cducd .  a t  1.m coot f r m  natural ~omccas. 

A fourth approach t o  the production of co-products other than caustic 

soda has recently been reported in a patent issued t o  H. L. Johnson of PPG 

Industries. There, the envisioned process involves reduction of tert- 

butyl hydrdperoxide or  sme other organic peroxide t o  the corresponding 

alcohol in the catholyte camparbrent of the membrane cel l .  As much as  0.6 

volts  reduction has been claimed for cases where noble ~ t a l a a t d  

electrodes were used w i t h  such a schem. Data w e r e  also presented showing 

t h a t  the unreacted peroxide, alcohol and caustic co-products could be 

separated and recovered i n  such a system. The overall catholyte process 

operating for thl~ c a e  is: 

No scale-up data have been reported for this system and comparative 

cost informtion on other current naethcds of preparation of tert-butyl and 

other alcohols has not yet  been released. Also, projections on the availability 

and costs of large quantities of tert-butyl hydroperoxide have yet t o  be 

piillshed. 

4.1.4 Conclusion 

The m r a n e  cell appears t o  be a promising alternative process t o  

current technoloqy. F'urther discussions are provided in Section 6.2. 



B -Almina Membrane Process (Japanese Molten Salt  process) 

4.2.1 Process History 

The Japanese ml t en  Sal t  process is being developed under Prof. S .  

Yoshizawa a t  Kyoto University. 5 3  A l l  work reported t o  date has been f r m  

laboratory scale experinents to establish process feasibility. ' 
4.2.2 Scientific Considerations 

'In this process, chlorine and caustic soda are produced by electrolysis 

of molten salt. : The reaction is similar to the present electrolytic processes: 

H 2 0  (g) + NaCl (NaC1 - ZnCla) -+ 1/2 H2 (g) + NaOH + 1;/2 C l 2  (g) 

A c e l l  similar t o  the rwnhrane ce l l  , process . (Section 4.1) is used, 

except the "mnhrane" m t e r i a l  is a B-alumina diaphragn. On the anode side 

of the diaphragm, a 50 percent sodium chloride/50 percent zinc chloride ml ten  

s a l t  mixture is used; on the cathode side, molten caustic soda containing 

about 5 percent water . is  employed. During operation, chlorine is liberated 

a t  the anode and excess sodium ions migrate through the almina diaphragm 

t o  the cathode conpartment where hydrogen is liberated £ram the water present. 

The chlorine forired a t  the anode is already water free and can be compressed 

and liquefied for use or shiprent. The ml ten  caustic from the cathode side 

is recirculated, with fresh water added and sane caustic withdrawn in the 

ml ten  state, cooled, and recovered a s  solid product. 

A process f lowsheet is sham i n  Figure 4. 

According to laboratory results,  the Japanese Molten S a l t  process aperates 

a t  330 OC, 50 -[dm2 ' and 3.18 V. The patent states that  current efficiency is 

! about 100 percent. However, no p i lo t  plant o r  process demonstration unit  data 

have been reported to verify the current efficiency. 

This process has several advantages and disadvantages as l i s ted  below: 

1. The c e l l  aperating voltage (3.18 V) is lower than those reported 

for the m r a n e  ell (3.5-4.3 V), and hence di rect  e lect r ical  energy 

requirements are 1.mer. There is an additional energy penalty incurred 



Figure 4 .  0-dl umina Nembrane Process  
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in this process, h o m e r ,  because of the- need for maintaining the 

ce l l s  and circulating molten s a l t s  a t  the 330°C operating temperatures. 

Part of this themadl energy requirerent includes steam generation, 

since the w a t e r  must be injected into ,the molten caustic as  steam. 

Energy requirements are presented in Table 5. 
. . 

2. Severe corrosion probl&ms are ant'icipated with t h i s  system 

caused by both mlten  caustic and a molten sodium chloride-zinc 

chloride eutectic a t  330°C. Use of these ml ten  s a l t s  requires that , 
the electrolytic cells.  and s a l t  recircuxation systems be constructed 

of special corrosive resistant  materials' .sich a s  tantalum or titanium: 
. . 

These special'materials increase the capital cost of the cells ' 
. 

cconpared t o  conventional mmbrane, or .  diaphragm c e u s  . \ 

3.;. There is considerable evidence that the @-alumina diaphraqms 

@1l.:,not .stand up mde? .the proposed operating conditions. . B-alumina 

is a sodium alumhate with the approximate f o m l a  of Na20*llA1203. 

This material, l ike  other alumhatest is expcted t o  exhibit some 

degree of solubility in molten caustic. Hence, "membrane" lifetimes 

may be short. Any contamination of the caustic co-product due t o  

B-alumina mnbrane dissolution or migration of zinc ions through the 

membrane can result  i n  serious problems involving product caustic 

salability. 

One £urther disadvantage of this process, as with the  &ane ce l l ,  is 

the stringent raw m a t e r i a l  purity r e q u i r m t s  which necessitate that  the 

salt raw materials be pre-purified. The industry standard method of brine 

purification is r a i ~ v a l  uf inpurities by chemical precipitat im. If this 

methcd is used for the B-alumina membrane process, the purified brine w i l l  

require evaporation t o  recuver the solid s a l t  used in the process. This 

enta i ls  additional energy requirements. Also, pre-purification of the 

zinc chloride m y  be required. 

It has been recently reported that the presence of calcium or potassium 

ions in molten salts i n  contact with B-alumina accelerates degradation of 

t h i s  proposed diaphragm material. ' r The sensit ivi ty t o  such impurities 

implies that stringent s a l t  pur i f icat im methods w i l l  be required for this 



Table  5 

Surranary of Proces s  Enerqy Requirements for 
B-Alumina Molten S a l t  P roces s  

1. E l e c t r i c i t y  (Thermal Equiva len t )  54.3 Kcal/mole ( C e l l  run  a t  3.2 V) 

2. Steam Generatian 14.4 Kcal/rrele 

3. S o l u t i o n  Evaporation/Brine Purificatlm 22.3 Kcal/mle 

T o t a l  Energy Required (30% so lu t icm)  91.0 Kcal/mle 

Equ iva l en t  Energy Membrane C e l l  (Asahi - 40% product) + 68.0 Kcal/mle 

Quivalent Energy Membrane C e l l  (asahi - dry product )  + 79.2 Kcal/mle 



proposed process, which w i l l  add bnsiderably t o  process capital and 

operating costs. 

4.2.4 Conclusion 

Since th i s  process has not been demonstrated a t  the p i lo t  plant scale, 

the overall importance of corrosive problems on process viabi l i ty  is 
I indeterminate and only an estimate of capital or  operating costs is 

possible. Materials of construction and corresponding operating param- 

eters  have,yet , to be specified; Ivlost important, there is considerable ' 

doubt that  the 6-alumina diaphragm can withstand the operating cmditions 

for a reasonable period of time. 

This prccess'will not be further evaluated due t o  the anticipated - 
diaphragm, corrosion, and materiais handling problems. H a w e v e r ,  further 

laboratory effor ts  in th i s  area would be beneficial t o  determine whether a 

viable process can be developed. To becorne competitive, energy r e q u i r m t s  

for steam &neratian 'and s a l t  purification would have t o  be considerably 

reduced. 
" 



The Downs cell p m e s s  for co-pmduction of chlorine and sodium 

metal was developed and patented by J. C. Dams of the E. I. DuPont de 

Nmurs Corrpany i n  1924. 5 4  The process was camrnercialized by W o n t  a t  

their Niagara Falls, New York plant in the late 1920's. ?he process rap 

idly replaced t k  older Kastner electmlyhc pmceSS for surliui~~ ~tlaz~ufac- 

ture, which involved eleeerolysis of nnlten cal~ctic scda . Hy 1.940. 211 

Kastner pmcess plants had been replaced. The Dams cel l  process has 

been oontinually operatea by IX1Bul1l. since 1940 and, a t  praesell-, tkrxc 

are five plants producing sodium via this lWzhod. 'Iliese cu-: 

%!E?L 'PIant 'Location Capacity (millions of 
Ib per Y-1 

Wont Niagara Falls,'NY 113 

Ethyl Corporation Baton Fauge, LA . 90 

Pasadena, TX 60 

The Downs c e l l  process currently supplies a l l  sodium produced in  the 

United states. ' 

4 3.2 ' 'scientific 'Basis 
-_ 

~n the Dawns cell p m s s ,  prepurified sodium chloride is mixed in a 

42/58 ratio w i t h  dry calcium chloride (CaC12) . This ndxtuze is then intro- 

duced inw a molten salt diaphragm-type cell where the lmprature is raised 

580°c t o  liquefy the s a l t  eutectic mixture. The ml ten  sa l t  is then elec- 

trolyzed as follows: 

2NaC1 (mel t )  -t 2Na + C l 2 +  



The chlorine is £0- at  the graphite anodes, collected above the mlt,  

purified, catpressed and readied for sale. The sodium co-product forms a t  

a pipe-type electrode of special design. .The ml t en  sodium exi ts  the c e l l  

through the pipe-typ& electrode and is  then part ial ly cooled t o  precipitate 

impurities, especially the sodimcalcium alloy. This material is then re- 

mved from the ml t en  sodium by f i l t ra t ion  at  llO°C. The sodium is then 

cooled, solidified and readied for sale. The sodimcalcium sludges rmved 

from the product sodium are converted t o  the corresponding hydroxides for 

plant use or  disposal. 

4.3.3 Ensheerins Consideratims 

A process flowsheet is shown i n  Figure 5. In the operating lhms  c e l l  

a large single cylindrical graphite anode, constructed of several graphite 

blocks, is inserted through the base of the cell and is surrounded by an 

iron gauge diaphragm and a cylindrical iron pipe-type cathode. 

The c e l l  bath is canposed of a 58 percent calcium chloride/42 percent 

sodium chloride ml t en  s a l t  eutectic. This ccarrpositim is a q r m i s e  

beheen m l t i n g  point and sodium content.' Additional calcium chloride would 
. . 

further 10- the m l t i n g  point a t  the expense of depletion of the sodium in 

the electrolysis zone w i t h  resulting c q l i c a t i o n s .  With the 58/42 composi- 

tion, cells operate at  580°C, a tenq?eratur& well belm the range of high 

solubility of sodium in the m e l t .  The use of calcium chloride i n  the bath 

causes s m  problems due t o  the following equilibrium reaction: . . 

The alloy phase f01md during electrolysis contains about S percent 

calcium a t  cell conditions, an amount intolerable for most industrial uses. 

The bulk of the calcium is r m e d  by precipitation in the cooled pipe 

leading from the cell .  Any precipitated calcium which adheres t o  the 
4 

piping must be r m e d  periodically t o  prevent plugging. The precipitate 

drops to the bath-metal interface where it reacts t o  reform calcium chloride 

and sodium according t o  the &ve equilibrium. 

Calcium remaining in  the scdium is r m e d  as an alloy of calcium and 

sodium by f i l t ra t ion  a t  llO°C. The f i l tered sodium contains less than a 

0.04 percent calcium. The f i l t ra t ion  also produces a f i l t e r  cake consisting 



Figure  5 .  P r o c e s s  F lowshee t  - Downs C e l l  P r o c e s s  

T..iqtlid Sodium 
(Impure) 

C h l o r i n e  Produc t  
I 1 

Pure  S a l t  Compress ion  
+ 

Mol ten  S a l t  C e l l  P u r i f i c a t i o n  

S a l t  
b 

I ril t r a t i o n  1 W Na/Ca S l u d g e s  to 
R e p r o c e s s i n g  o r  

1 D i s p o s a l  

P u r i f i c a t i o n  

S o d i  urn P r o d u c t  . . 



of calcium, sodium, chlorides and oxides. The.alkali mtals. are r e c l a a  

by converting the calcium mtal t o  equivalent sodium metal and calcium . 

chloride as shown i n  the equilibrium reaction. The oxides and chlorides 

are reroved with the s a l t  phase. 

Characteristics of powns cells operated i n  the United States have not 

been published. British and German data, hawever, are l isted below: 

.Pmpe~%y ' . . 'Value , . 

"British ' -Ge3fMn 

B a t h  -at= C 580 f 15 

C e l l  current A 25,000 - 35,000 

.Cell voltage V 7 .  

Cathode current density, 
A/In2 6.3 

Current e f f ickmcy , 
percent 75' - :80 

, % 

Cell l i f e ,  ,days 500 - 700 

Diaphragm l i f e ,  days 20 - 100 

In the DaJns ce l l  process, s a l t  substantially free of sulfate and other 

impurities is r+ed as  the c e l l  feed. This my require on-site purifica- 

tion. Dried calcium chloride is periodically added t o  the bath t o  balance 

losses. The heat required t o  maintain the bath .h the molten condition is 

supplied by the electrolysis current. 

C e l l  l i f e  is determined by the loss of graphite f r m  the modes. Oxygen 

released a t  the anode by electrolysis of oxides or water i n  the bath reacts 

with the graphite t o  form carban mnoxide and carbon dioxide. In .ti=, 
' erosion of the anode increases the spacing between the electrodes until  the 

cell overvoltages become uneconomical. Cell taperature control also becorrres 

difIicult under such conditions. A t  this pint the cel ls  are shut down, 

disnantled and refurbished. 

Although the Dams ce l l  process has  been operated on a c ~ r c i a l  scale 

for over 40 years, this  process is limited in its abil i ty t o  generate 



chlorine by the d d  for tkie co-product sodium. A t  present, a l l  United 

States requirmts for this metal  are met  by the five operatfig plants. 

In additim, one major use for sodium, production of tetraethyl lead, is 

expected to decline sharply as  lead additives are removed frcan gasoline. 

A s  a result, the United States market for sodium is expected to decrease 

in the future. 

Tkis process w i l l  not be considered further in this study because 

Dawns cell capacity in  the United States is unlikely t o  expand in the near 

future. 

There is another cmmzcial m1lx.11 s a l r  electrolysis process which 

produces magnesium and chlorine. This process uses a magnesium chloride 

feed produced on-site £ran magnesium hydroxide recovered from seawater 

and w a s t e  hydrochloric acid. The process is used by C k m k d l  Canpany 

a t  one site where sufficient q k n t i t i e s  of a l l  raw materials are available. 

No other chlorine plants have sufficient quantities of hydrochloric acid 

or magnesium hydroxide t o  operate this process. 



4.4 Catalytic Oxidation of Hydrogen Chloride 

4.4.1 Shell Hydrogen Chloride Oxidation Process 

4.4.1.1 Process History 

The f i r s t  major investigation of chlorine recovery was perfonred. by 

LRBlanc in  the early nineteenth century in  connection with a process he 

developed for a lkal i  production. His.process liberated larqe quantities 

of hydrogen chloride which could be l a t e r  used t o  obtainchlorine. The 

chemical process was: 

NaCl + &So!+ + NaHSO4 + HC1 

NaCl + NaHS04 + Na2SOb + HC1 

No attempt was made t o  trap the hydrogen chloride gas. In 1836, Gossage 

took advantage of this excess gas and developed a Gans' t o  produce chlorine. 

He u&d gas wash towers with manganese dioxide sorbent t o  obtain chlorine. ' 

H i s  process was infeasible, hawever, except on a laboratory scale, because 

large quantities of costly rnariganese were required and yields were poor. 

In 1866, Weldon irtpfoved. t h i s  process by. devising a mthod t o  cut down 

on manganese waste using recanversion and recycling techniques on the 

manganese products. H i s  yields =re 30 percent with a chlorine concentra- 
. . 

t ion of up t o  90 percent. 

Deacon addressed the problem of chlorine production using hydrogen 

chloride in 1868. H i s  f i r s t  deve lopn t s ,  which are traceable t o  Oxland, 

Laurens, and Tregomain, generated clilarine by the oxidation of gaseous 

hydrogen cl i luide i n  the presence of an inert porous catalyst. The reaction 

is : 

Deawn patented his inventian in 1868 (British patent 1403). He continued 

developing his process for the next 10 years, and in this.- he reqistered 

over 20 patents. 
, .. . 

Various two-stage processes of chlorine formation were developed 

kginning in  1885. These processes were based on forming a mtal chloride 

by reacting a eta1 oxide with hydrogen chloride, and then oxidizing Uir  



m e t a l  chloride with air t o  liberate chlorine. Oxides of iron, magnesium, 

and nickel were used. Although theoretically these processes looked 

at tractive,  operating procedures m r e  inefficient and dif f icul t .  One serious 

drawback was the need for high temperatures (300-600°C) to oxidize the 

m e t a l  chlorides. A t  such high temperatures scm mtal chlorides (e.g., 

nickel chloride and fe r r ic  chloride) vaporized before oxidation took place. 

One process using magnesium oxide was c m ~ r c i a l l y  developed by Weldon and 

Pechiney, but it proved unsatisfactory and was soon discarded. Thus, the 

pr- processes established i n  the l a t e  19th century were the Weldon and 

Bacon proccsccs. 

In 193'1, G r O W e n O r  U s  develcpGl an o~ridation precess that IISM a 

f our-component contact mass. The contact mss contalriecl L e ~ ~ . i c  c111oridc , 
potassium chloride, cadmium chloride, and diatomaceous earth. Chlorine was 

f o m d  by treating this mass with oxygen a t  temperatures around 500°C. In 

1947, Dow Chemical patented a similar process in which they used ferr ic  

chloride, &ssium chloride, cupric chloride, and celite on a w i n g  bed. 

Based on Dow and Grosvenor patents, Hercules Pmer Company bu i l t  a plant t o  

produce 35 tons per day. The plant was shut dam, h m v e r ,  because of law 

yields and high operating and maintenance costs. 

An electrolytic hydrogen chloride-based process which appeared promisinq 

was developed m 1945 by I. G. F u k - 1 .  The p i lo t  plant had l inu ' t -4  si~ccess. 

A later version of the electrolytic process, using a two-step method, was 

also investigated by Westvaco. Wth of these methods are currently 

inactivc. However, a direct  electrolysis methcd has since heen d e v e l q d  

by Uhde Corporation and used comnercially. (See Sectlon 4.8.) 

From a historical  perspective the four mip1 Plydrqe~i cliloride/'chlorinc 

formation processes are: 

1. Catalytic oxidation of gaseous hydrogen chloride; 

2. D i r e c t  oxidation of hydrogen chloride by an inorqanic oxidizing 

agent; 

3. Wo-stage processes involving mtermdiare fonnatiu~ ol: a n ~ t a l  

chloride fran ei ther its oxide or  oxychloride and release of 

the chlorine by treatment with air or  oxygen or by heating; and 

4. Electrolysis of hydrogen chloride. 



Shell O i l  Ccanpany researched these four mthods and showed tha t  

mnplications existed for each. 

Shell found tha t  the catalytic oxidation processes, similar to the . 

Wldon type would not be econmically o r  ocanmercially feasible be-use 

yields =re low. . Despite d f i c a t i o n s ,  larye losses of chlorine occurred 

and recovery remained b e h  50 prcent .  

Direct oxidation was  abandoned due to e x t r a  corrosion problems. 

Process profi tabil i ty required favorable market a n d i  tiax and specific 

market locations. 

Based on technical and economic studies, the two-stage processes 

w e r e  regarded as having no future for coanmercial develo-t. Shell's con- 

clusion cam a t  a time when considerable work was still being done. On 

this tm-stage process, four patents were granted during th i s  period to: 

Grosvenor Laboratories ( in  1940), Dow Chemical (in 1951), Standard O i l  Co. 

( in  1948), and Socony-VacuumOil (30. (in 1947).56-59 

The electrolysis process, though technically suitable, showed poor 

economics for a l l  locations, except those with low elect r ic i ty  costs. 

Shell O i l  Company concluded that  the modified Deacan Process was best 

for future chlorine development. 

4.4.1.2 .Scientif ic  Basis 

The Deacon Process produces chlorine by oxidation (using a i r  o r  pure 

uxyyen) of hydrogen chloride in  the presence o t  a cupric chloride catalyst 

as  follows: 

mc1 4 HC1 .t O2 - 2 C12 + 2H;O (AH<O exothermic) 

6 0 Complete process thermodynamics are available from Arnold and Kobe (1952). , 

'lhey studied the effects of temperature, pressure, dilution with jnert 

gases, and the ra t io  of reactants on the conversion of hydrogen chloride to 

chlorine. 



They found that  greater hydrogen chloride conversions were poss&ie a t  

lower temperatures, higher pressures, and increased a i r  t o  hydrogQi chloride, 

rat ios.  The use of pure oxygen instead of air slightly increased the 

conversim percentage (about 2 percent) and produced a higher chlorine 

. content in the product. There are problems associated w i t h  using pure 

oxygen, including dif f icul t ies  in heat r m v a l ,  temperature control, and 

high costs for oxygen. Figures 6 ,  7, and 8 i l lus t ra te  the probl- assoi' 
ciated with temperature control. 

The optinnmi conditions determined by Deacon were within'thenarrow 

temperature range of 430' t o  475OC. H i s  ekperbts produced conversion 

percentages in this temperature range of bU t o  '7U prca1.t.  M y  problem f 

plagued the process, including: 

, ' \  
. . 

High reaction tenperatwe r equ i rmnt s  ; 
. . 

Moderate yields ; , . 
Volatilization of cupric chloride, causing 

a rapid decline i n  catalyst act ivi ty;  .. . 

D i f f i d t y  i n  controlling tenperatwe because the 

highly exothermic oxidation reaction caused hot 

spats w h i c h  aggravakd the volalzilizatdm; and 

. ' Severe corrosion of e q u i p n t  a t  reactive terrperatures. 

The Shell P r o ~ s s  operates by passing a gaseous mixture containing 

hydrogen chloride and oxygen over the catalyst-oontaining silica bed. It 

is presented i n  Figure 9. . . 

The main aim of the Shell research was to devise a process (similar 

to tle Deacon Process) that had both a satisfactory reaction rate and high 

conversion. This required devekpent  of a catalyst that had sufficient  

act ivi ty,  l i f e ,  and them1 s tab i l iw.  The mst ef f d v e  catalyst developd 
by Shell was cupric chloride with -11 quantities of rare earth metal 

chlorides such as scandium, y t t r i u m ,  zirconium, thorium and uranj-um and 

one o r  Itlore a lkal i  metal chlorides. The metal chlorides are used i n  a 

rmlten s ta te  t o  increase thei r  activity. A l l  catalyst material is supported 

by silica gel. This silica carrier  has an o p t W  surface area of 200 m2/g 



OXIDATION OF HCI TO CHLORINE (WITH AIR OR OXYGEN). THEORETICAL HCI 
CONVERSION AND % C12 AT EQUILIBRIUM 

400 500 $00 700 800 900 iooo 

TEMPERATURE O K  



3 

Figure 7. 

OXIDATION OF HCI TO CHLORINE. INFLUENCE OF HCllAlR RATIO ON 
HCI CONVERSION AND ON % C12 AT EQUILIBRIUM . . . . . . ,  

s .  

TEMPERATURE OK 

1. HCllAlA = 1.05 MOLE RATIO 
2. HCllAlR = 0.84 (STOICHIOMETRICI 
3. HCllAlR = 0.42 
4. HCIIAIR = 0.21 



Figure 8. 

OXIDATION OF HCI TO CHLORINE. EFFECT OF PRESSURE ON HCI CONVERSlON 
AND ON % CI, AT EQUILIBRIUM 

TEMPERATURE OK 

% HCI CONVERSION 
% CI, AT EQUILIBRIUM 
HCllAlR = 0.84 (STOICHIOMETRIC) 
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f i g u r e  Y .  Flow  Didyram f o r  the Shell H y d r o g e n  C h l o r i d e  



with an average pore diamter of 60A0. Proportional rat ios are also 

important here in determining the optimal conversion. For best results ,  

the rare earth metals t o  copper r a t i o  should be about 0.15, aid the ra t io  

of alkali  metals t o  copper can range f rm.0.8  to  1.2. 

In experiments with actual iridustrial waste' hydrogen chloride, this 

catalyst material perforrrred satisfactorily. Catalyst act ivi ty remained 

unaffected by acid contaminants. High conversions rere attained a t  both 

low temperatures and high space velocities. 

Preferable process temperatures are 330°C t o  400°C. 1n.t.his temperature 

range, increased pressure does not significantly increase conversion. 

Because of  the low ter~peratures, copper volatilization . . is eliminated and , 

c o ~ o s i o n  due,to heated reactants is greatly red-. . . 

Sample yields are as  follows: 

1. Fixed bed, 350°C: 76.5 percent conversion.. 

2. Fluidized bedt.3650C: 77.5 percent conversion. 

The use of pure oxygen slightly increases conversion and subsequeht - 

purification, but problems of temperatbe . . cmtro l  preclude , . its use. . . .  

- ._ 

Shell claims that its process is ccmyrcially caopetitive and has a -  
, . .. 

; rate of return significant enough t o  warrant a .large capital  &vestrent. . . . . 
Table 6, prepared by Shell, s h m  the process has the highest return 

. . . . 
and lowest capital .cost;of .any of the uied'by major hydrogen. . . 

chloride/chlorine grod~~cers, 
. . ' .: . 

4.4.1.5 Conclusion . . 

The Shell process, while apparently at tractive f r m  an energy and 

em&c standpoint, has never enjoyed large scale camzccialization. 

Currently, the only operating unit using this method is a 19,000 TPY 

pi lo t  unit a t  Pernis in the Netherlands. This process w i l l  be further 

studied i n  Section 6. 



Table 6 

HCl/Chlorine Process Econcanics 

(1962 Dollarsw, Plant Size: 1001;/d) 

P a r  - i3-mx4 LluXm DcP?ORA - IFP 

Prooess Catalytic Cd b l y t i c  y i s  F k d  Olddatiun 

m Material S / t  C12 - - - - 

Utf Pi ties 11 '7. 56 I5.U. , ?(;,88 8.40 

w-P- 11 - - (0.7) - ! .  
Fixled Costs 11 7.56 10.08 8.40 . 12.04, 

lMal Manufacturing 
Cost $/C12 19.04 29.12 34.44 25.20 

G m s s  Profit $/t 36.96 26.88 . 21.56 
- 

30.80 

Capital Cast 1.31 x lo6 1.99 x lo6 2.24 x ID6 2.06 x 10' 

Prwfitabifftjy 76 fti 33% 19 % 35% 
(% retan qitaf)  

(* Using amwrsiaa British pOmd = $2.80) . . 



4.4.2 Kellogg M i f i e d  Ceacon Process 

History 

. This process for chlorine production using clay materials was developed 

and expanded by the M. W. Kellogg -,any. The company applied for 'an 

Enqlish patent on August 23, 1960 and the patent'was granted on January 15, 

1964. Overall, t h i s  process involves the continuous oxidatim of 

hydrogen chloride o r  other halogen acids t o  produce chlorine, brcsnine o r  

iodine i n  a -higher yield and in a higher degree of purity than was normally 

obtained in  the l a t e  1950's. Work was only performed on the laboratory 

scale. 'Once the patent was obtained further developwnt ceased. The project 

is currently inactive. 

4.4,2.2 sc ient i f ic  Basis 

The M.. W. Kellogg Ccanpany.process produces chlorine by oxidizing an 

inorganic halide such a s  hydrogen chloride i n  the presence of a mtal- or  

silica-containing oxidation catalyst and a dissimilar material containing 

a clay desiccant. The clay desiccant must have a reversible water content 

of a t  least 0.5 percent by weight and a crystalline structure stable t o  a t  

least  1, 400°F. 

The possible sources of inorganic halides include the following: 

hydrogen- chloride, hydrogen bromide, hydrogen iodide, nitrosyl chloride, 

nitrosyl branide, ni.trosy1 iodide, armmiurn chloride and m n i u m  bramide. 

The chlorides and bromides are preferred. 

The primary oxidizing agents used for these halides includes molecular 

oxygen, air, ozone, n i t r i c  acid and nitrogen oxides. Catalysts that can 

be used for this reaction include : chromium sesquioxide (Cr203 ) , elemntal  

chromium, potassium chromate (K2CrOt+ ) , cerium oxide ( C a p  ) , manganese 

. dioxide (MnO2 ) , uranium trioxide (U03)  , cupric chloride (CuC12 ) , a fe r r ic  

or=de/fcrric chloride mixture ( k ' e 2 U 3 F e C l 3 )  , a c h r d u m  sesquioxide/ 

alumina rni.xture, (Cr203/A1203) , calcium chloride (CaC12 ) , and s i l i ca  gel. ' 

For the oxidatick of hydrogen chloride with molecular oxygen, chromium 

sesquioxide is preferred. 



The basic conversim reaction for the process is the sarne as that for 

other oxidation processes using hydrogen chloride: 

4HC1 + 0 2  -+ 2C12 (9) , + 2H20 

The clay desiccant used in the process absorbs water as it is fonred 

in the reaction .zone. This shifts  the equilibrium toward the right, in- 

creasing yield and purity of the halogen product. The clays are preferably 

bentonitic in nature. . Mcmtnmrillonite is the most desirable of these types. 
They are regherated after absorbing about 1 percent by weight of water. '' 

V-F? h s i c :  reaction is carried out m a fluidized or m i n q  M. The 
\ 

solids run countercurrent t o  the gaseuus ~ ~ I ~ / ' c I L -  liquid mtcriarls q r i r ; i . n g  

the oxidizing agentrand the halide. The fluidized bed avoids Aevelop~mt 

of "hot spots" during operation and facil i tates continuous removal of spent 

clay and water from the reactim zone for inmediate regeneration and 

recycle. 

Figure 10  is a f l w  diagram of this process. 

The,catalysts involved in the reaction are supported on carriers such 

as  silica, alumina, or  pumice, although the bentmitic clay desiccant may 
, 

a also be used for support. The carrier must be of sufficient hardness to  

res is t  a t t r i t ion when the mass is sihjwtec¶ t u  ff~e Iluidized bcd condition. 

The operating temperature range is between 300°C and 550°C. Maximum 
benefit is derived from a temperature range of 400°C t o  500°C. Preferred 

pressures are between 3 and 12 atmspheres. The optimal space velocity 

for oxidatidn is betwen 100 cc and 400 cc of halide p e i  hour per gram of '  

catalyst." Based on the m e t a l  or silican in the catalyst, the clay 

d e s i c c ~ o p t i m a l l y  should be present between 80 and 98 percent wight. ' 

Optimal m l e  ra t io  range of udrlizing agent t o  halide is 1 :I,, t.n 1: 5. 

The process may be carried out by a continuous or batch mthod. 

i Continuous operation requires continual withdrawal of both product and 

desiccant. 



F i g u r e  1 0 .  F l o w  Diagram f o r  K e l l o g g  M o d i f i e d  Deacon Process 



4.4.2.4 Econcanics 

No cost data or econcanic assessmnt were given on the process in the 

documents available. 

4.4.2.5 Conclusion 

This process can be dismissed from m i d e r a t i o n  for large scale 

chlorine p.mduction. Although production conversions were high (average 

93 percent), three major disadvantages exist: 

1. Imv availability of large quantities of hydrogen chloride. 

2.  High process tenperatwe8 required, i. e. , hiqh energy and power 

m943. 

3. More energy . . e f f i c i e i t  processes exist  using the sane basic 

raw materials tor  i'llakhy chloirinc, ~u ' i e ly  IC~l-CflL:lr, Mhw, and 

the Shell process. In fact', Kel-ailor was developed by the same 

company which inventcd this process and M. W. Kellogg chose K e l -  

Chlor for ca-mwrcial developmnt. 

These factors indicate that  the Kellogg halide oxidation process for 

mking chlorine is m t  a viable alternative to existing production methods. 



4.5 Catalytic Oxidation of Hydrogen Chloride using Wta l  Oxide 
Catalysts 

4.5.1 Preparation of Chlorine using Hydrogen Chloride with 
a Vanadium Catalyst 

4.5.1.1 Process History 

This process of chlorine foxmation resuits  fran the oxidatim of 

hydrogen chloride in the presence of a catalyst s imilar ' to  the Shell pro- 

cess (Section 4 .4 .1 ) .  The original process was developed by Imperial 

Chemical Industries ( I C I )  i n  1967. 6 2  Their patent made claims of 63 per- 

cent conversion. It used vanadium pentoxide (V2O3) a s  a catalyst. Also 

in  1967, BASF p ten ted  an improvanent t o  this process. Their improve- 

&t dealt with the addition of several other catalytic materials (CeO2, 

bh02, COO, NiO,  e tc.)  to the vanadium. Once patented on a bench scale, 

BASF abandoned the project. The current status of the process, including 

i m p r o v m t s ,  is inactive. 

4.5.1.2 Scientific Basis 

This process operates by thermal, catalytic decomposition of hydrogen 

chloride. The reaction mechanisms for the I C I  process is: 

4HCl (g) + O2 v205 2H20 + 2C12 
heat 

The final chlorine product is obtained by drying the liberated water/chlorine 

mixture w i t h  sulfuric acid. The dilute sulfuric acid is reancentrated and 

recycled. 

In the BASF method, the catalyst mterial is specially prepared. Vanadium 

is added to a m e l t  of potassium pyro-sulfate (K2S20,) and sodium bisulfate 
. - 

(NaHS04 *H40)  and heited to. 37S°C for one hour. The product catalyst and 

catalyst activators then are pulverized and an iner t  support (si l ica.ge1) 

added. The catalytic bed is f o m  fran this heated (350°C) mixture. Once 

the bed is formed, the hydrogen chloride/oqgen mixture is in a r a t i o  of 4 

t o  1 and a t  a temperature of 380°C. The hourly output of product gas con- 

.'tains the following percentages of materials-. 



Chlorine 22.2 percent 

Hydrogen chloride 44.5 percent 

Oxygen 22.2 percent 
Water 11.1 percent . % 

Yields can be increased by using temperatures greater than 380°C. 

For the overall reacticm of this  process, the free energy chanqe was 

equal t o  12.67 Kcal/mle C12 a t  25OC. This makes the reaction endothermic. 

4.5.1.3 Engineering 

A flow diagram for the process is provided in  Figure 11. 'I'he averall 

operatian is simildr t o  the Shell process (Sectiuri 4.4.1) excepk tht a 

d i f f e r b t  catalyst and slightly different operating temperatures &e used. 

4.5.1.4 Conclusion . . 

, . 
. This process is infeasible for c o m r c i a l  chlorine preparation for 

several reasons : 

(1) Other catalytic processes (e.g., Kel-or) already exist for 

mre  efficient conversion of hydrogen chloride. t o  chlorine.. 

(2) Current cost of vanadia ($1.00 per Ib) m s  even small  catalyst : 
losses would impose a severe operating cost penalty on the 

FECK32SS. 

(3 )  Yields obtained are relatively low, and the product exits the 
. . reaction as a dilute constituent o£ a. gas stream. In general', .' 

this dilute gas stream w i l l  require pressurization t o r r e & e  ' 

the chlorine by l i ~ f a e i m  f ~ l l w e d  by fractional dist i l lakiul '. 

and dryhiy  .: 
.. . 

A process yielding a -e concentrated product gas str- would k'  
preferred. The process thermdynamics are the sam as that discussed 

. . 
for other gas phdse hydrogen chloride oxidatim processes. ' . 



Figure 1 1 .  Flow Diagram f o r  Rare Earth C a t a l y t i c  Process  

H SO ( S u l f u r i c  Acid)  
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C h l o r i n e  Product  
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2 4  2 



4.5.2 Hydrogen Chloride Oxidation aver Chloride/Ceriurn Oxide 
Catalysts 

4.5.2.1 Process Historv 

This process was investigated on a laboratory scale by perscmnel of the 

Farherke Hcechst Aktiengesellschaft and patented by that  organization 

in several West European countries. The data presented here are abstracted 

from Belgian Patent No. 658,435 assigned t o  that  organization. The 

patent was granted i n  1965, and no other work concerning this process has 

been reported, 

4.5.2.7 Sci  ent.i,f i c  Basis 

% i s  pmmss bvolves the oxidation of gaseous hydrogen chloride with 

oxygen over catalysts ot  special eonposit iur~.  Tlie catalysca clru! E U ~ ~ L L ~ X I  

mixtures of cerium dioxide (CeOz) w i t h  ei ther iridium trichloride (IrC13) 

or  iridium tetrachloride (IrC14). The ra t io  of cerium dioyide to  iridium 

s a l t s  is specified as being between 10 and 1,000 t o  1. The support m t e r i a l  

was not specified i n , t h e  patent. The oxidation reaction is: 

Catalyst ' 

and is amducted i n  the lw (30-250°C) tenprature range. yields vary w i t h  

catalyst  composition, temperature, and retention time. A t  temperatures belaw 

50°C, y ie ldsof  2 1  to 38percentwerereportedfora20-minute retention time 

with low iridium mntent catalysts. For higher i r i d i u m  content, yields of 

up to 83 percent w e r e  found with the sane retention tiroes and temperature. 

A t  70°C, the sane lm iridium content catalysts gave 71 to 96 percent 

yields with 200-minute retention times. Above 150°C yields greater than 

80 percent w e r e  reported for law iridium mntent catalysts a t  15-minute 

retention time. No data relating e i ther  to the catalytic reaction o r  to 

remvering chlorine frcan the product gas stream were repgrted. T t  can be 

assumed, however, t ha t  recovery processes would be similar to other 

hydrogen chloride catalytic oxidation processes. 



4.5.2.3 Engineering 

The data presented i n  the patent were obtained f r m  a bench-scale 

evaluation of potential catalysts. A f u l l  process was never studied. 

However, the overall process should be similar t o  others which use 

catalytic oxidation of hydrogen chloride. A complete description of 

catalytic oxidation of hydrogen chloride p r w s s e s  is given for the Shell 

process (Section 4.4 .1) .  What is of particular interest  in t h i s  process is 

that  the oxidation reaction in  the presence of c e r i ~ m  dioxide and iridium 

trichloride apparently proceeds a t  a significant ra te  a t  temperatures 

below 250°C. Other gas phase catalytic processes a l l  require temperatures 

w e l l  above 300°C t o  obtain yields greater than 70 percent. 

4.5.2.4 Conclusian 

Although only laboratory work has been done with this process, the 

data available indicate that  the use of cerium-iridium catalysts might be 

developed into a viable process for hydrogen chloride oxidatim. There 

already exist two other processes (an electrochemical process developed by 

Uhde, and the Kel-Chlor process) which are in cc~nmercial operation and 

accomplish the s m  end of converting waste hydrogen chloride gas t o  

chlorine. The m u n t  of by-product hydrogen chloride available for conver- 

sion t o  chlorine is 600,000 tons per year, and m r e  than half of this 

mterial is currently converted using the other two processes. Insufficient 

raw m t e r i a l  is available t o  develop another process i n  catpetition with 

the Uhde and Kel-Chlor processes. For this reason, this process w i l l  not 

be included in the detailed evaluatim (Task 5) even though it does 

d m n s t r a t e  that improvarmts in gas phase hydrogen chloride oxidation 

methods are  indeed possible. However, the energy requirertlents for Kel- 

Chlor w i l l  be studied t o  determine if a 200 t o  250°C process would make a 

significant difference in process economics and energy efficiency. 



4.6 Kel-Chlor Process 

4.6.1 Process History 

The Kel-Chlor process was developed by the M. W. Kellogg Cmpany (now 

Pu1Im.n-Kellogg). Its principal inventor, C. P. van Dijk, f i led for a 

patent in 1975 and was granted the patent on May 31, 1977. This patent 

was a continuation of a similar patent which was never issued. The Kel- 

Chlor process is referred t o  by its developers as  an up-to-date Deacon 

process. 

Pullman-Kellogg, i n  caljculcticm with DWmt Co;lrl?cxat.i.m, Operates a 

600 tcn per day fac i i i ty  a t  Corpus ,~h.risti, Twas . Wllman-Kelloyg has 

made improverrents on this fac i l i ty  t o  increase productiwl to l l O O O - l , i O O  

TPD using the existing train. 

A process that  operates by oxidation of h1yitrogen chloride using nitrosyl 

chloride 4NOC1) catalyst did not have its start with Kellogg. As early a s  

1919, Datta described such a process. c noth her process using nitrogen 

dioxide as  a catalyst for  the oxidation of hydrogen chloride was studied 

by Stow i n  1962. A third process also designed t o  use nitrosyl chloride 

was patented by Jonas Hamlet of New York & 1964 while working for W o n t .  ti 

Development for  - a l l  three processes was only on a beplcli scale and they were 

dropped due. t o  ,poor results.  

4.6.2 Scientific Basis 

The Kel-Chlor mthod is based on the oxidation of hydrogen chloride. 

The Kel-Chlor process combines an active hamogeneous catalyst w i t h  a 

strong dehydrat..i.ng agent, An overall r e p r e s ~ ~ ~ t i a n  of the procsss is: 

This overall reaction equation can be reduced iritv Ule fow steps u1 Llie 

t o t a l  reactive process, including recycle-acid stripping, oxidation, 

absorption-oxidation, and recycle-acid flashing. After conversion by the 

above process, chlorine gas ca~l he and liquefied. 

In the recycle-acid stripping step, gaseous hydrogen chloride contac,ts 

bt aqueous sulfuric acid. The countercurrent sulfuric acid stream has a 



concentration of 80 percent and contains the water of reaction and a catalyst 

which were taken up in the absorber. In this step the following react im 

occurs : 

This represents a stripping of the catalyst fran the acid. The catalyst is 

primarily nitrosylsulfuric acid (HNS05). - .  hInnthe * .- second . section of the 

stripper, the unreacted hydrogen chloride is stripped out by introducing 

oxygen. The original acid mixture exits the stripper carrying only small 

m u n t s  of mSO5 and reaction water. Equation (1) proceeds practically t o  

completion because of the countercurrent flow. 

The oxidation occurs in a series of reactims as  follows: 

The hydrogen chloride gas mixture contahs nitrosyl chloride, excess hydrogen 

chloride., oxygen and water. In the oxidizer, t h i s  mixture is heated t o  

increase the ra te  of nitrosyl chloride decOrcp?osition, which is an exothermic 

reactim. The generated heat mst be remved for the desired conversion to 

take place. This remved heat is then used t o  generate steam t o  run the 

sulfuric acid vacuum flash system and t o  provide a l l  necessary process heat. 

Dur'ing the absorption-xidatian phase the three reactions (2,3,4) 

continue un t i l  c a p l e t e  hydrogen chloride conversim is achieved. Besides 

the oxidation r e a c t i a ~ s ,  the sulfuric acid absorbs a l l  nitrogen oxides. 

This additional step is represented by: 

The chlorine gas produced is  vir tually free of hyclrqen chloride, oxygen, 

and nitrogen compounds. The product chlorine gas is cooled and dried w i t h  

a small stream of cold sulfuric acid. 



The f inal  phase of the Kel-Chlor system is known as  recycle-acid 

flashing. In this step the reaction water is rem~ved f r m  the sulfuric 

acid by means of an adiabatic flash. The flashing lrechanism occurs in 

a reduced pressure environmnt. The flashed acid stream is recycled t o  the 

absorlxr-oxidi zer . 
The majority of the recycled acid is h o t ,  but a small percentage 

is cooled and used t o  provide a cooling medium for the product gas a t  

the top of the tower. 

4. G . 3  Engineshy - ~ , - 

A f l m  diagram of this four-stage process is shown in  E'iqwe 12. 

Hydrogen chloride enters the iystem under a t .  the bottom of t h e ,  

stripper. The hydrogen chloride reacts with hot nitrosylsulfuric acid coming 

from the absorption-oxidation vessel, then contacts with oxygen in  the 

oxidizer. The effluent gas mixture from t h i s  phase contains chlorine, steam, 

oxygen, catalyst  components and unconverted hydrogen chloride and is sent 

to  the absorber-oxidizer where it contacts f i r s t  hot, then cool, sulfuric 

acid. The catalyst ccanpments react w i t h  the sulfuric acid, w a t e r  is 

absorbed, q d  hydrogen chloride conversion is completed. Stripped hot 

sulfuric ,acid is dried by sending it t o  the flasher. Cooled sulfuric acid 

is recycled to the absorption-oxidation stage.. 

Equipmnt design and constructj.on are important considerations for this 

process because of the highly corrosive mixture of.chemicals which flow 

through the system. The two factors that control the extent of this 

corrosive atmsphere are  temperature arld pressme. The range of thcce 

factors governs the types of mterials used, with same ranges allowing 

glass or  teflon-lined equi-t t o  be used, while others rely on acid 

res is tant  brick or expensive alloys (tantalum), and mtals. 

The operation of this unit i n  terms of start-up tim, s h u t d m  tim, 

and response t o  perturbations has been studied in depth by process 

developers-using the follming variable conditions: ' 



Figure  1 2 .  Flow Diagram f o r  the  Ke l -Chlor  P r o c e s s  

~ b s o r b e r  and 
2nd O x i d i z e r  
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Pressure 1-15 atm absolute 
Acid Strength 70-85 wt% 

Acid Circulation Temp. 127-182 OC 

Excess Oxygen -15 t o  +40% 

HCL t o  Oxidizer 0.2-1.0 

HC1 Conversion 80-100% 

Upon cap le t ion  of testing a t  these conditions only minor catalyst losses 

occurred, nitrogen impurities i n  the product were below detectable levels, 

and yje1.d~ &ve 99 percent were cansistently obtained. 

It was found that  rqu i r ed  quality product oould be obtain&. jn. a 

few hours once acid circulation ra te ,  terrperature, and unit  pressure were 

stabilized. Key control parameters include oxidizer conversim, catalyst 

inventory, and acid strength. Expensive combinations of alloys and ~ ~ 1 s  

are presently used t o  combat corrosion i n  an effor t  t o  reduce down time. 

The basic e c o n d c  principle behind the Kel-Chlor process is e c o n q  

of scale. Capital requirements follow the six-tenths power rule. Table 

7 gives an estimate of production cost for  two levels of Kel-Chlor operation. 

The jxrcrmtal cost incurred by raising output by 400 tms per day is 

$1 2.1 4 per tcn. m e  rates of return, as  a function of chlorine market value, 

assuming negligible hydrogen chloride costs, are pruvided below: 

Plant Capacity C12 price, $/ton - 
4 5 - 5 0 - 5 5 - 

39% 45% 90% 

52% 60% 67% 

Present studies are concentrating m reducing temperature ;ud pressure 

levels so that cheaper cmstruct im materials can be used. 



Table 7 , .  

, . 
6'9 . 

Cost of Chlorine Production Via the Kel-.Nor Process 
. . 

. . 

(Based on 90 percent steam factor) 
- P l a n t  S i z e  . 

900 t o n l d a y  500 t o n l d a y  ....................... Fixed Capital Investrrentk $20 million $14. L million 

U n i t s /  $ / t o n  
M a t e r i a l s  t o n  C 1 2  Uni t  Cost  

C12 

Oxygen ........ 0.2576 t o n  .. $lO/ ton  ..... 2.576 

Lime .............. 39 l b .  .... 0 . 0 1 / l b  .... 0.390 

....... 98% H2S04.. 11 l b .  .... 0 . 0 1 / l b  .... 0.110 

- H C 1  ........... 1.0547 t o n  ....... ........ - 
T o t a l  ............. 3.076 .............. 3.076 

Power ............. 40 kwhr. ....$ 0.0071kwhr ........... 0.280 

... Steam ............. 40 l b .  ...... 0.50/ thousand l b .  0.020 

.. Cool ing Water . . .  9 ,100 g a l .  ..... 0.02/ thousand g a l .  0.182 

R e f r i g e r a t i o n  ..... 1 0  ton-hr .  .. 0 .05 / ton-hr .  ........ 0.500 

T o t a l  ............. 0.982 .............. 0.982 

Labor:  2  m c n l s h i f t  @ $4.00/man-hour ................. 0.237 .............. 0.427 

Genera l  Overhead @ 100% of Labor .................. 0.237 .............. 0.427 

Maintenance @ 5% of I n v e s t m e n t / y r .  .................. 3.382 .............. 4.292 

Taxes & I n s u r a n c e  @ 3% of  I n v e s t m e n t l y r .  ............ 2.030 .............. 2.576 

.................. .:............ D e p r e c i a t i o n  @ 10% of I n v e s t m e n t l y r  6.764 8.584 

T o t a l  Manufactur ing Cost  ($/ton) ............. 16.708 ............ 20.364 

* T h i s  i s  based on U.S. Gulf Coast  p l a n t  l o c a t i o n  and p r i c e .  Excluded a r e  
u t i l i t i e s  s u c h  a s  c o o l i n g  tower ,  b o i l e r  and a s s o c i a t e d  equipment,  f e e d  
and p roduc t  s t o r a g e ,  a c i d  s t o r a g e  and d i s p o s a l .  



4.6.5 Conclusion 

Tables 7 a'- 4 shad that the Kel-or process is cost ccgnpetitive 

w i t h  current chlorine manufacturing techniques and the pmer and steam 

req-enwts are less  for Kel-Chlor. The prbcess is also pmven c m r c i a l l y .  

The major drawback is a limited supply of hydrogen chloride r a w  material. 

Because of its cmpeti t ive p s i t i o n ,  however, ~e l -CNor  w i l l  be studied 

further $ Section 5. 



4.7 Electrolysis of Hydrochloric Acid w i t h  Wta l  Chloride Catalysts 

Three processes have been developed that  electrolytically convert 

hydrochloric acid t o  chlorine using m e t a l  chloride catalysts. The three 

processes are the Schroeder process (using N i C l z ) ,  the Westvaco process . 
(using CuC12 ) , and the South African process (using MnC12 ) . 0-7 In each 

case co~.rp?lications prevented developrent of the process past the p i lo t  . 

plant stage. Since a l l  three processes have similar scientif ic  bases and 

engineering methods and problems, the Schroeder process is presented in  

deta i l  as  representative of the three. 

4.7.1 History 

The Schroeder process was developed by David W. Schroeder of Seattle 

University. His f i r s t  patent was f i l ed  on A u g u s t  11, 1958, but he abandoned 

h i s  efforts  before any patent was gran&d. The existing patent, which was 

f i led  on June 13, 1960, was granted on January 28, 1964, and is a continuation 

of the original process.70 The Process (as w e l l  a s  the Westvaco and South. 

African processes) is 'presently inactive. 

4.7.2 Scientific Basis 

The Schmeder process is cyclic and involves two m i n  steps. The f i r s t  
step is the deaxrposition by electrolysis of a mtal chloride (preferably 

nickel &loride)  in^ the mtal camponent and chlorine. The second step . 
& i ~ s  the meta l  element with hydrochloric acid to reform the mtal 

chloride for recylcing. The equations are: 

NiC12  e lect r ic i ty  N i  + C12 (1) 

The reactions are carried out by using' two sets of cells. In the f i r s t  cell, 
electrolytic deposition occurs, with nickel metal plating out a t  the cathode 

and chlorine gas evolving a t  the anode. In the second cell, the nickel is 
dissolved i n  hydrochloric acid w i t h  the resultant metal chloride fed back 



into c e l l  n m b r  1. The use of current in the second c e l l  is optional. 

A reaction without the use of current proceeds slawly unless ni&el 

chloride o r  other metal &loride s a l t s  are present i n  the hydrochloric 

acid solution. By increasing the chloride concentrations, the ra te  of 

reaction b e c m s  ccanmercially practical. 

4.7.3 Engineering 

?he process flow chart is  given i n  Figure 13. 
, 

The operation of this system continues un t i l  the nickel deposit on 

the cathode of the first cell gets too thick for e f f i d e n t  &mmpositi~rl. 
\ 

?his build-up rate is about 0.035 fn./day. Once th is  ~ i i ? L  is ~ ~ a c h e d ,  

the roles of the ce l l s  are reversed. The standard cycle time for the 

operation is 48 hours. Ut i l i ty  and chemical requirements for  chlorine 

production are presented below: 

Table 8 

Ut i l i ty  and Chemical Requirenents 

U t i l i t i e s  
-. 

meanicaias 
- - . -  - 

E l e c t r i c i t y  1350 Wlu-/tcm C12 IICl (100'8) 3060 &/ton 612 

S w  None (60" Be) 39 Ib/tcm C l n  

Cooling Water 4900 gal/ton C12 3 39 Ib/ton C l p  

The decomposition step is best carried out by using ca&m anodes and 

cathodes separated by 0.25 inches. Solution temperature should be about 

105°F and the p H  should range betweeh 1.3 and 3.5. With these U J I ~ & ~ ~  

the required voltage can be completed, since voltage is related tb the 
CULTent density (CD). FOS a 22 percent nlckel chlcride solution, the 

voltage (E) = 1.65 + 0.0038 0. For a similar 4 1  percent nickel chloride 

solutian, the required voltage E = 1.54 + 0.0048 CU. when u s h g  a l l  the 
specified conditians, no diaphragm is required and no hydrogen w i l l  be 

produced. 



F i g u r e  13. F l o w  D i a g r a m  F o r  T h e  S c h r o e d e r  P r o c e s s  

C h l o r i n e  
P r o d u c t  

E l e c t r o l y s i s  C e l l  R e a c t o r  C e l l  

D r i e d  & L i q u e f i e d  

, 
. 

HCl 

\ 

1 



In the current patent, three methods are l i s ted  for reforming the 

mtal chloride. They include the electrolytic process with hydrochloric 

acid, the nm-electrolytic process with hydrochloric acid, and the inter- 
. . 

mdiate nickel hydroxide f a r m a t h  process. For the electrolytic process, 

a voltage above 0 .1  volts  is required. The exact m u n t  of voltage depends 

on the electrolyte concentration, the temperatures, current density 

r e q u i r m t s ,  and c e l l  arrangement. This voltage is passed through either 

the hydrochloric acid-electrolyte solution or a hydrochloric acidhickel  

chloride-electrolyte solution. This resultant reaction dissolves the 

deposited nickel a d  fom Irydroqen. A t  presw1.t Uris I E . U I ~  is the Iea3t 

preferred because of the low cu r~mt  efficiencies arld 1 . ic j11  ~volhge require-. 

The second mthcd involves the following two equations, 

elec . 
N i  + 2 H 2 0  -t N i ( 0 H )  2 + HZ 

mc t im  (3)  takes place using a direct  current in a sodium chloride 

electrolyte. The nickel hydroxide farmed is easi ly dissolved in  hydro- 
. . 

chloric acid reaction (4) . This process has good comwrcial possibili- 

ties because of high regeneratian yields and high current efficiencies. 

The last r e f o m t i o n  technique deals with a non-electrolytic method. 

In this process the nickel is dissolved by m s  of a hydrochloric acid 

solution t o  which is added nickel chloride t o  increase the corrosion ra te  

sufficiently tha t  the process becormes ccormercially applicable. The 

increase in the ra te  can readily ke seen by examination of the f k l l a c k ~  

data with and without the nickel chloride addition. 



Table 9 

Corrosion Rate Data Showing Effect of NiC12  Addition 

4 . 7 . 4  Conclusion 

The indirect electrolysis mthcds could be hp1er;lented but are d i f f icu l t  

t o  automate. Since these processes were patented, however, a m r e  operable, 

direct electrolysis mthod has been developed and commzrcialized. For t h i s  

reason, the Schroeder and related indirect electrolysis processes are excluded 

f r m  fmtl1er consideration. 
. . 

L 

Corrosion R a b  
in/day 

0.000 83 

0.00186 

0.0157 

0.0163 

0.034 

0.0173 

I(Cl (gm) 

0.5 

1.0 

5.0 

10.0 

10 .O 

1.0 

H 2 0  (gm) 

99.5 

99.0 

95.0 

90.0 

90.0 

99.0 

NiC12 (gm) 

0.0 

0.0 

0.0 

0.0 

67.0 

83 

I 

Temp.FO 

Boiling 

BoiUng 

Boiling 

218 

220 

238 



4.8 Direct Hydrogen Chloride Electrolysis 

4.8.1 Process History 

The history of dire& hydrogen chloride electrolysis is presented in 

Section 4.4.1. This particular electrolysis process was invented by Stefon 

Payer of Cknrmy and developed by the Hoechst-Uhde Corporation. The, 

f i r s t  hydrogen chloride electrolysis plant was bui l t  a t  F a r b r k e  Iloechst 

ih I;everkusen, W e s t  Germany, in 1964 with an output of 43,000 tons per 

of chlorine. Since 1970, seven other plants have been bu i l t  in various 

countries with mnbirlExl oukpul: of 1'1'mc than 400,000 tons per y-. TIE 

major U . S .  pl.ant of this type is in Baytam, Texas, and is operated by 
' 

!@bay ~hemicdl Company, a s u b s l d i q  of i b b b l . 1  O i l .  Tl~e fac i l i ty  bui l t  in. 

1972, was expked in 1976. The drivir-~cj force for using this t e c h n s l q '  

was the desire t o  recoyer and reuse waste hydrogen chloride rather thar, , 

sell di lu te  hydrochloric acid in an uncertain market. 

4.8.2 Scientific Basis 

This electrol-ytic-type process uses direct  current t o  deccanpose 

hydrogen chloride. The chemical equation for t h i s  mechanism is as  follows: 

The waste h y m e n  &loride raw m a m i a l  has inert gas ompnents which 

are m v e d  by absorption in a dilute hydrochloric acid solution prior to 

electrolysis. The acid product is fed to the electrolytic calls for chlorine 

prduction. The unreacted dilute acid is recycled to the absorption systah  

Similar to the Illembrane cell, the i n l e t  acid product ooncentration sllcluld be 

maintained a t  20-26 percent for best electrial ef ficiellq. The dilute a d d  

q c l e  str;eam should be maintained above 16 percent to avoid uxyywi evo1utim 

in the ell. 

The above reactian can be divided inw two separate elechade pj=omsscs, 

H+ + e + l /2 Hz (cathode) 



The electrolytic cell uses a polyvinyl chloride diaphragm t o  separate 

the electrodes and prevent gas bubble migratim. A s  a result ,  the chlorine 

product stream contains only about 0.2 percent hydrogen by v o l m  and the 

hydrogen stream contains 1.0 percent chlorine. by volume. 

The product gases are saturated with water vapor and hydrogen chloride. 

Each gas is cleaned separately to r m v e  these irrp?urities. The chlorine is 

cooled with water t o  condense the water vapor and dried w i t h  sulfilric acid 

before liquefaction and storage. ?be hydrogen gas is also cooled, but with 

dilute hydrogen chloride. The cooled hydrogen gas stream is then scrubbed 

of chlorine with caustic t o  form sodium hypochlorite as follows: 

HZ + Cl2  + 2NaOH -+ NaOCl + NaCl + Hz0 + H2 

Product recovery for d i rect  electrolysis of hydrogen chloride is about 

98-99 percent for both chlorine and hydrogen. 

4.8.3 Engineering 

Figure 1 4  is a flow diagram for the hydrogen chloride electrolytic 

process. Depleted aqueous hydrogen chloride is withdrawn f r m  the 

catholyte cycle and sent t o  the absorption unit  where it is saturated with 

fresh gaseous hydrogen chloride produced in a separate chlorination plant. 

A 30 percent acid mixture is sent t o  the electrolytic c e l l  £ram the 
., , 

adsorption stage. This procedure ensures a continuous supply of fresh 

acid to replace the decamposed.materia1. 

The e l e c W e s  used are vertical &;hi& plates. ?b prevent product 

mixing (i.e., hydrogen and chlorine), these plates are separated by 

polyvinyl chloride fabric diaphragms which are permable t o  liquids but 

i qe rmab le  t o  gases,. The anode, cathode, and diaphragm form a cell 

and 30 t o  36 ce l l s  together form the electrolyzer. The erd plates of the 

electrolyzer act  as  the mnopolar electrodes connected t o  the DC power 

supply. A l l  other electrode plates are bipolar. The mnopolar end-plates 

are s tee l  lined w i t h  rubber. 

A typical electrolyzer is shown in Figure 15. Inle t  channels for 

fresh hydrogen chloride and individual c e l l  i n l e t  openings are located along 

the bo t tm half of the frame. The top of the f r m  is for product discharge 

and depleted acid remval. 
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Electrolysis produces chlorine and hydrogen gases a t  75' t o  80°C. 

Each is saturated with water vapor and hydrogen chloride gas a t  concentra- 

tions co r r e spd ing  t o  the i r  respective par t ia l  pressures. Both gases are 

cooled and scrubbed. The gaseous chlorine is then dried with sulfuric acid. 

As appropriate to requirements of the cNorinatim plant, the chlorine m y  

be campressed and further purified. 

The chlorine and hydrogen need no further trea-t. Using new 

diaphraqs, chlorine yields. of 99.8 percent, have been obtained. Due t o  

deteriorat im of the diaphragms over t-, average yields of 99.5 percent 

are expected with diaphragm r e p l a c e n t  every 2-3 years. 

P m r  mnscrmption in  my oloatrolytic p r k s s  i.8 of  mjor dsnportance. 

The maximum electrolyzer load is 1 2  KA. This is equivalent: t o  a specific 

current density of 4.8 KA/m2. With proper operating, practices, the 

current efficiencies of '  cells today can reach 98 percent. In, 1965, 

c o m c i a l  electrolyzers of hydrogen chloride used cell voltages a t  2.5 V 

a t  a cell load of '10 KA. This corresponded t o  a DC pmer consumption of 

1,720 kwh per kkg of chlorine. Under the s a n ~  cell load, present f ac i l i t i e s  

operate a t  cell voltages of 2 V with pmer, consumptions of 1,405 kwh per 

kkg of chlorine. Tjhese p e r  reductions are .a  result  of improvemnts i n  

diaphragms, n a r r m r  electrode gaps, and the addi t im of noble metal s a l t s  

t o  the catholyte. The salts were added t o  reduce hydrogen overvoltage. 

Besides using the m e t a l  s a l t s  t o  increase efficiency, other material 

c r i t e r i a  must a lso  be met. The hydrogen chloride used should he dry 

gaseous m t e r i a l  t o  minimize addition,,of water t o  the process. Waste 

hydrochloric acid may be converted t o  the gaseous form a ~ d  r e i r l . k d u c d  

into the electrolyzer by absorption dis t i l la t ion w i t h  sulfuric acid. 

Other i q u r i t i e s ,  particularly organics, w i l l  severely affect  the 

prwess. These impurities can cause deposits t o  form on the electrodes 

and diaphragms, reducing product quality. Chlorine derivatives of cyclic 

compounds (benzene or  phenols) containing hydrogen chloride have two 

effects  on the electrolysis cycle. 

1. Diaphragm clogging and 

2. Electrode deterioration due t o  crystal  grawth. 



Both these effects  increase c e l l  voltage. This situation can be m l i o r a t e d  

through adiabatic absorptim of the,hydrogen chloride followed by adsorption 

of the chlorine derivatives by activated' charcoal. Inorganic impurities, 

specifically d t i v a l e n t  ions, can reduce current efficiency. Also, metal 

ions that  have a deposition po ten t ia lmre  positive than that  of hydrogen 

w i l l  plate on the electrodes and thus increase the hydrogen overvoltage. 

4.8.4 Economics 

Operational costs (1974) are given below for a hydrogen chloride 

electrolysis plant. 

~ a w  Materials $/bm of C12 

HC1 0 (waste  product) 

NaOH -85 

A u x i l i a r y  materials (diaphragms, etc. ) -26 

Power , and Uti l i t i es  

Electricity 

:Cooling Water 

Capital Expenditure 

Personnel 

Credits 

Hydrogenation hydrogen 

Total Production Costs 

The production costs of $20.30 per tm of chlorine is contrasted with the 

$26-27 per ton figure for chlorine by the Kel-Chlor process. Even i f  the 

hydrogen could only be used as  fuel,  the costs are c q a r a b l e .  Kel-Chlor 

is cost-effective for large fac i l i t i es  because of increased econmies of 

scale. 

4.8.5 Conclusion 

Direct electrolysis of hydrogen chloride has proven t o  be a c o m r c i a l l y  

successful process for chlorine production. I f  no costs are charged for 

using waste hydrogen chloride, the process becomes extremely at tractive 



ccanpared t o  other current production mthods. The Bayer-Hoechst-Uhde 

process a l s o  uses'about 40 percent less e lec t r i c i ty  per ton of chlorine 

than other c m r c i a l  electrolytic processes. A s  a r e su l t ,  this process 

w i l l  be studied i n  m o r e  d e t a i l  in Section 5.0. 



4.9 Chlorine £ram Oxidation of Ferric Chloride Sal t  Camplex 

4.9.1 W o n t  Process 

Process History 

Of the cfilorine production processes tha t  use fe r r ic  chloride ( F K ~ ~ )  

for the raw material', the W o n t  Process is considered the mst eff ic ient  

and economic. 

~j ?he principal inventors of t h i s  mthod w e r e  Wendell Dunn, Jr. and 

John Maurer, both assignors to W o n t  Co. of Delaware. The patent for 

their process was f i l ed  on August 3, 1965 and was granted on April 2, 

1968. 

Prior t o  this invention the primary process cansidered for iron 

chloride oxidation was : 

7 8 
This process, however, did not perfonn sat isfactori ly i n  p i lo t  plant operation. 

Alternatives using high tennperatures for adequate reaction ra&s, low 
t q r a t u r e s  with a s a l t  melt, and high pressures t o  cause fe r r ic  chloride 

liquefactim a l l  proved inadequate. Each alternative required the operatian 

of complicated e q u i p n t  and careful control over operating conditions 

during the process. The W o n t  patent sought t o  randy  these problems. 

One of the main objectives of this patent was t o  provide improved operation 

during the rate-limiting step of the fe r r ic  chloride oxidatim. This 

inventim d e s c r i w  continuous operatim of a cmlercia l  plant under a wide 

latitude of cantrolled uniform conditions, which would ensure high recovery/ 

increased yields of chlorine and a high degree of purity. However, W o n t  

w a s  not able t o  m e e t  these goals. Developrrrent of this process went no 

farther than pi lo t  plant stage. Current status of the operation is inactive. 

4.9.1.2 Scientific Basis 

The basic step i n  this mthod is to flow a molten salt ccanplex of the 

formula, XF'eC14,  ere X is an a lkal i  n e t a l ,  as a thin film over a moving 

bed of i ne r t  particulate material. This m l t e n  salt f l m  concurrently 

with an oxygen-containing gas. 



The salt ocanplex and the oxygen react under the proaess ccmditions as 

follows : 

product gas evolves a l e  the ferri-c oxide and sodim chloride-cmted 

particulate beds are withdrawn, tl:eated, and recycled. 

l'he m j o r  reactant t o  the  process, N~F~CII,, is normally i n  a liquid 

state as  it enters the reactor. However, a system exists  for  sodium 

chloride feed a s  a solid and fe r r ic  chloride as  a solid, liquid, o r  gas. 

The jntrduction of chemicals is usually acconplish.ed through the flow 

stream of the oxyqen-containihq qas. 

Wlthough acdium i c  the preferred &ali m t a l  t.o complex with fe r r ic  

chloride, other a lka l i  lrretals (potassium, l i t h i u m ,  etc.) may be used a s  

substitutes. These alternates wauld react in a gmera-1 equation as  follows: 

Where X is the substitute a lka l i  metal. The particular s ta te  and concentra- 

t ion of the fe r r ic  chloride used is not a c r i t i c a l  factor i n  the preparation - 

of the salt complex. The fe r r ic  chloride can be in ei ther a liquid (preferred) 

or solid state.  I f  solid material Is used, the reactor must provide 

sufficient heat t o  vaporize the fe r r ic  chlorjde. A liquid f ina l  complex 

reactant i spre fe r red  because of its relatively low vapor pressure. 

- 4.9.1.3 Engineering 

The reactor is shown an Figure 16,. The process is carried out a t  a 

temperature range of 500-650°C. The main reaction should occur i n  controlled 

anhydrous conditions. Within the reactor, pressure levels should be sl ightly 

. . above amsphe r i c  t o  prevent gas leakage into the bed. Exit pressures m y  

range anywhere f ran 0.5 t o  7 a m p h e r e s .  The reactor m i ' n g  bed.rate is . 

dependent on the recycle rat io.  Rates fran 1.0 t o  100 fee t  per hour are 

used. This moving bed can operate ei ther concurrently o r  countercurrently 

t o  the reactant flow. However, the oxidizing gas flow. mst remain con- 
, . 

current with the reactants. In t h i s  particular patent, the optimum gas 
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Figure  1 6 .  Reac tor  used  f o r  O x i d a t i o n  o f  F e r r i c  C h l o r i d e  
S a l  t Complex Fi lm 



flow rates defined as  the number of pounds of gas fed t o  the reactor per 

hour per square foot of reactor cross-sectional area, are frcan 75 t o  325 

l.b/hr/ft2 . 
The yields £ran the experimntal runs of this patent were excellent 

with about 92.5 percent chlorine recovery. Reaction rates ranged £ran 

0.94 l b / m i n  to 3 lb/min, depending on the relat ive p r o p r t i m s  of the 

reactant 'mter ia ls  involved. 

4.9.1.4 Conclusion 

Factors t o  be considered when deciding on the feas ibi l i ty  of the pro- 

c d u r c  for ccanmercial chlorlne productim inelude the avall&iliky uul: 

fe r r ic  chloride and the high energy cost t o  sustain the necessary process 

temperatures. A s  mtimed prevlousPy, f e r r i c  cllluride is a l l y  psduced 

a t  a s m a l l  nmber of plants in the United States. Total fe r r ic  chloride 

producticm i n  1976, i f  applied t o  ch lorhe  formation, muld m u n t  t o  a b u t  

t w  percent' of U.S. chlorine production. Also, high fuel costs pose 

econamic disadvantages f o r - t h i s  method of chlorine preparation. On a small 

scale basis, this process could be feasible for the recovery of chlorine 

£ran certain waste f e r r i c  chloride. Such an operation would be performed 

an a localized scale with the probable user of the produced chlorine or 

source of f e r r i c  chloride nearby. Because o f . i t s  raw material limitations, 

l~cmever, this process w i l l  not be considered further. 

4.9.2 Cyanamid -.-- Chlorine Process (FeC1 2-step 'oxidatim) 

4.9.2.1 History 

'Ithis chlorine pr.eparaticxl process was developEd by Amrican Cymamid 

Campany engineers, ~ohnt' W i k w  and Earl Nelson. They applied for a patent 

m February 26, 1964, and w e r e  granted me on June 13, 1967. This particu- 

lar patent is a continuation of their earlier patent work. Cyanamid has 

since dropped m r k  on a l l  the patents. 



Scientific Basis 

This patent invention involves the production of i r m  oxide and chlorine 

by ccanbusting fe r r ic  chloride with oxygen. It describes a mthcd t o  increase 

the efficiency of the fe r r ic  chloride oxidation process in using two 

canbustion zones t o  generate chlorine. The overall chemical reaction in 

the two zmes is: 

A t  25"C, t h i s  reaction i s  endothermic with a change in  free energy of 5.3 

Kcal/mle C12.  The yield of.chlorine is about one t m  of chlorine for every 

three tons of fe r r ic  chloride, or  a 50 percent yield from theoretical. 
. . . a  

4.9,2.3 Engineering 

Figure 17 is a flaw chart for this two-step process. 

In the f i r s t  reaction vessel, the oxygen and ferr ic  chloride react a t  

a temperature.between 650" and l,OOO°C. The product in this f i r s t  vessel 

is an equilibrium mixture consisting of irm oxide, chlorine, unreacted fe r r ic  

chloride and oxygen. The t i r e  spent in the f i r s t  vessel mus t  be sufficient 

t o  a t ta in  equilibrium. The preferred operating temperature in the f i r s t  

vessel is 700" t o  900°C. In the second operating vessel, the temperature 

is reduced. The reduction must be a t  least 25"C, but preferably between 50" 

and 100°C. The temperature drop mus t  be cmtrolled,  hawever, so t h a t  

conditions in the secand vessel do not go belm 450°C. This is done so 

that a t  least 75 percent'equilibrium is attained. Once the mixture is 

transferred t o  the s e c d  vessel, it undergoes another equilibrium change 

a t  the reduced tenperature. The new equilibrium is richer in both iron 

oxides and chlorine. Less unreacted fe r r ic  chloride and oxygen appear in 

.the product of this second combustion zone. 

This process was never c m r c i a l i z e d  due t o  its high energy require- 

ments and operational problem and w i l l  not: & further considered. 
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4.10 Oxidation of Amncnium Chloride with Nitrogen Dioxide 

Because of the camplexity of nitrogen oxide chemistry and its tempera- 

ture dependence, two processes, both developed by Imperial Chemical 

Industries, Ltd. ( I C I ) ,  t o  conver t 'mnium chloride t o  chlorine are pre- 

sented in  this section. 

The f i r s t  process operates a t  ambient t q e r a t u r e  and generates 

amnium n i t ra te  and chlorine as  co-products. Fram the overall process 

ch~austry ,  it consumes oxygen and nitrogen dioxide in  addition t o  arr~nonium 

chloride. 

The second process operates a t  higher temperatures and uses more 

nitrogen dioxide i n  the i n i t i a l  oxidation. Nitric acid and chlorine are 

the f inal  products. 

4.10.1 I C I  Armmnium Nitrate Process 

4.10.1.1 History 

This process was patented in  the United Kingdm by Gordon Diprose in 

196 0 and assigned t o  Imperial Chemical Industries, Ltd . * r ' ' A l l  work 

quoted in the patent was perfornaed on the laboratory scale, and no 

development work or  other commercialization has since been reported. 

The process 'is similar t o  the Vicksburg and the U. S. Department of 

Agriculture processes (Sections 4.15 and 4.16) which produce chlorine by 

reaction of n i t r i c  acid and/or nitrogen dioxide with potassimn chloride. 

For the I C I  process, m n i u m  chloride is used as  the raw material in 

place of potassium chloride. 

4.10.1.2 Scientific B a s i s  

Solid ammonium chloride containing 1 t o  5 percent water is reacted 

with nitrogen dioxide on a slcwly mving bed under mbient conditions. With 

agitation, a 97.7 percent conversian of the ammonium chloride is  c l a d  via 

the reaction: 

NHkC1 + 2N02 -t NH4N03 + NOCl 

The nitrosyl  chloride (NOC1). is then oxidized t o  i?i.troym~ dioxide and 

chlorine by already established means. Although the separation of nitrogen 



dioxide fran chlorine is not discussed in deta i l  in  the patent, it is known 

fram other processes (i.e., the Vicksburg process) that  these materials m y  

be successfully separated by a fractional d is t i l la t ion operation. The 

separated nitrogen dioxide may then be returned t o  the i n i t i a l  process step. 

Process kinetics have not been developed; however, .thermdynamic 

c a l c u l a t i ~ s  show that, a t  room temperature, the process is strongly 

exothermic, liberating 47.5 Kcal/mle of nitrosyl chloride generated in  

the i n i t i a l  process step. The secondary reaction step ( i .e . ,  2NCC1 + 
02 + 2N02 + C l n )  is also exothermic, liberating 7.0 Kcal/mle. Process 

energy needs would be minimal, i f  use can be made of the considerable v o l m s  

of hcak rc lcaxd  by khc initial rmction. 

4.10.1.3 Engineering 

The process of producing chlorine from m n i u m  chloride and nitrogen 

dioxide consists of the follming operatims and is shown in Figure 18. 

1. Reaction a t  rocan tenperatwe of nitrogen dioxide with mist 

amnmnium chloride i n  an agitated system t o  produce arrsllonium 

ni t ra te  and nitrosyl chloride (NCC1) . 
2. Recovery of the m n i u m  n i t ra te  co-product (NH4N03) from the 

reactor and drying it t o  r m v e  moisture. 

3. O X i k t i u ~  u11 Ult! 11iL~usyl cldoiicle pixiIucL wiU~ oxyip11 a t  

tqeratures below 200°C t o  yield nitrogen dioxide and chlorine. 
\ 

4. Separation of nitrogen dioxide and chlorine in liquid phase by 

fractional d i s t i l l a t ion  a t  -20°C. 

5. C q r e s s i m  of the chlorine product and recycle of the nitrogen 

dioxide t o  the initial process step. 

: For this process, corrosion resistant  materials such as  titanium or 

stainless steel w i l l  be required for a l l  system units i n  contact with 

either chlorine or  nitrogen dioxide. 

4 . l . 0 . 3  Fmmi . c  Cnnsidel-ations 

This process consumes ammonium chloride, nitrogen dioxide and oxygen 

and produces ammonium n i t ra te  and chlorine. According t o  1977 figures, 



F i g u p  18. Ammonium Nf trate Process  lows sheet 



U.S. consumption of ammanium n i t ra te  is 8 . 3  x l o 6  tons per year; this co- 

product should be marketable in significant quantities. 

.4.10.1.5 Conclusion 

This process, .although only developed t o  the laboratory stage, m y  be 

of som promise because of its extremly l o w  energy requirements. It w i l l  

be further considered in Section 6. 

4.10.2 Nitrogen Dioxide/Armnium Chloride High Temperature Process 

4.10.2.1 Process History , --- 

T h i s  process was developed as  a paral lel  process t o  the Vicksburg 

(Secbm 4.14 j and llllied (Se~rtluri 4.16) ~ L U L ~ S S ~ S  using m n i u m  chloridc 

instead of potassium chloride as  a raw material. Work i n  this area was 

perfonnd by I C I  on a laboratory scale in the l a t e  1950's and culminated i n  

the issuance of a nwlber of British, Belgian, and G e m  patents t o  I C I  

in the early 1960's. 1 3 1 ~ 8 2  No further work was perf- on this process 

a f te r  the issuance of the patents. 

Scientific Basis 

Laboratory scale effor ts  d m n s t r a t e  that armmnim chloride would 

react with gaseous nitrogen dioxide t o  yield nitrosy1 chloride and nitrogen 

oxide (*d water) , and that the nitrogen dioxide4iLorine mixtures produced 

by oxidation of these prcduds could k Sparated by fractiurmtiu~~. Nu 

other laboratory effor ts  m r e  performd t o  establish a 'ccnrplete process. 

The gaseous nitrogen dioxide reacts in a mobile bed of solid ammnium 

chloride t o  yield nitrosyl chloride, according t o  the reactian: 

The 'resulting gaseous products are further oxidized a f te r  r-val of water, 

as follaws: 

The chlorine and nitrogen dioxide are then separated and the nitrogen dioxide 

is recycled t o  the process. Kinetics of the i n i t i a l  reaction have not been 



reported. Thenmdynamic calculations shm the react im is exothermic a t  

room temperature by 20.2 Kcal/mle. 

4.10.2.3 Engineering 

The Nitrogen Dioxide/Ammnium Chloride High lbqxrature  Process f l m -  

sheet is sbwn m Figure 19. The process is carried out in three steps a s  

follows : 

(a) Solid mist arrnr~nium chloride is.introduced into a mobile bed 

reactor where it is contacted with gaseous nitrogen dioxide a t  

about 100°C. The ch-cal reactions produce nitrogen oxide, 

nitrosyl chlorine, and water vapar, which exit the reactor. 

(b) The gaseous mixture is then stripped with ei ther concentrated 

sulfuric acid or other solvent t o  remove water vapor, and the 

dried gas stream is fed t o  an oxidizing chamber. The spent 

solvent, which contains the  removed water, is reconcentrated by 

heating and is  recycled. 

(c) The dry gaseous produdts . . (NO + NCC1) are reacted with oxygen a t  

about 200°C t o  convert these materials irito.'a 'inixtke of nitrogen 

dioxide and chlorine. This mixture is fractionated, mst of the 

nitrogen dioxide is recycled, and the chlorine is compressed and 

sold. The additional nitrAgen dioxide created by the process 

could be converted on-site" t o  n i t r i c  acid for sale. For this 

process, special corrosion resistant  equipwnt w i l l  be required. " 

Work on this process was continued only on a laboratory scale, and 

only certain process skeps w e  studied. NO p i lo t  plant effor ts  w e r e  

ever ccmducted. One unresolved question concerns the  potential losses of 

nitrogen oxide or  ni trosyl  chloride' t o  the sulfuric acid or other solvent 

used t o  remove water £ran the react im product mixtures. Another question 

concerns loss of nitrogen dioxide values of conversion t o  nitrogen or  

nitrous oxide during ammnium chlorine oxidation because of unwanted side 

1-eactions; UI~ deqee  t o  which such reactions my  occur is not knuwn. 

4.10.2.4 Conclusian 
i 

This process depends on the use of ammnium chloride as a r a w  material. 

However, only 30,000 tms per year of ammnium chloride are generated 
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directly i n  the United States. As a result ,  t h i s  process cannot have 

widespread application and is limited t o  s i t e s  close t o  ammonium chloride 

production faci l i t ies .  

This process would be ideal, hmever, for incorporation into a Solvay- 

process soda ash plant. The Solvay plant produces ammnium chloride during 

the i n i t i a l  reaction step, which generates sodium bicarbonate and armmiurn 

chloride. Instead of recovering m n i a ,  as  i n  the n o m l  Solvay process, 

the ammnium chloride could be converted t o  chlorine and nitrogen dioxide. 

The nitrogen dioxide would then be further processed t o  n i t r i c  acid. While 

this process increases m n i a  usage, sales of additional chlorine and n i t r i c  

acid products m111d more than offset  the los t  m n i a  sales revenue. 

However, a nLrmber of questions involving nitrogen oxide losses and m i u m  

chloride purity requirerents need t o  be resolved before this process can 

be fully assessed. The process is also less  energy efficient  than the l a w  

temperature process described in the previous section. 

'l!he Svlvay soda ash process is in  declining use in the United States. 

Currently, only one plant remains which uses this technology, thus limiting 

supplies of cheap amnanium chlaride as a raw m e r i a l  for  this process. 

H w v ~ ,  the capacity 05 this fac i l i ty  could provide 0.7 x l o 6  tons per year 

of ammnium chloride raw m t e r i a l  which wmld generate about 400,000 tans 

per year of chlorine using this process. Therefore, about five -percent 

of the nation's chlorine supply cauld be theoretically generated via this 

r m t e  with no reopening of closed Solvay plants or cmstruction of new 

plants. Based an the above cliscussion, this process w i l l  not be studied 

further . 
4.10.3 Comparison of the Two Nitrogen Dioxide-Based Processes 

and Conclusions 

4.10.3.1 Energy IJse  

Intuitively, the process generating m n i u m  n i t ra te  (4.10.1) w i l l  have 

lower energy requiremnts because (a) the i n i t i a l  reaction involves no heat 

input and, in fact ,  is a considerable qenerator of heat; (b) there is no 

need for removal of water £ran the product gas mixtures, and therefore, 

reconcentrating spent, d i lu te  sulfuric acid is not necessary. 



4.10.3.2 Raw Material Requirements 

For raw material needs, the  armmnium n i t ra te  producing process is a net 

c o n s m  of both oxygen and nitrogen dioxide. The higher temperature process, 

without side reactions, requires only oxygen. However, a t  higher terqxra- 

tures, m n i u m  n i t ra te  is k n m  t o  deccarcpose t o  nitrous oxide and water. 

Therefore, £ o m t i a n  of nitrous oxide via side reactions is possible, which 

could produce corrosion problems. 

Input amnonium chloride quality is less  important for the m n i u m  

n.i...trat.e process. MDst m n i u m  chloride used w i l l  be generated via the 

Sol.iral7 p r m S s  and will contain small amounts of sdium b i c a m t e  

sodium chloride. In the m n i m  n i t ra te  process, .these are cmv-d 

t o  sodium ni t ra te ,  which do not pose a problem for prospective fe r t i l i ze r  

producers who muld use the m i u m  n i t ra te  co-product. For the higher 

temperature process, the presence of scdium salts results  i n  a buildup 

pf sodium ni t ra te  solids h the initial reactor where . . only gaseous, products 

are desired. This could lead t o  operationzl problems. Capital costs are 

expectd t o  be lotex f a r  the monium ni t ra te  process since a n i t r i c  acid 

plant is not needed. 

4.10.3.3 Conclusions 

Because of the lower energy needs, l ess  stringent raw material purity 

r@esnents, lower probability of side react ims with a t k u ~ h s l  co~ra.sion 

problems, and lower  capital  costs, only the amrronim ni t ra te  producing 

process - w i l l  be studied i n  Section 6.0. Much of that  analysis, however, 

w i l l  be applicable t o  the high temperature process as  w e l l .  ALSO, the 

rearrtinn kinetics and side products associated with the react im of nitrogen 

dioxide with m n i u m . s a l t s  are c m n  t o  both processes. 



4.11 Metaizeau Process 

4.11.1 History 

This process was developed by Paul Metaizeau of Belgium in the mid- 

1960's as  a mthod for recwering.'chlarine f r m  waste ammonium chloride 

produced by the Solvay process. Patents were issued for the process aid 

a f t e r  a few mdlifications, a l l  w e  assigned t o  Solvay e t  C i e .  of 

Belgium. 3-8 Following' the issuance of the patents, no further work was 

reported on the protless by the Solvay Capmy although effor ts  i n  this 

area have since been reparted by others. 8 7 , 8 8  
. . . . . .  

4. ii. 2 Process chemistry 

The reaction for this process may be written as: 

In this process, ammnium chloride is f i r s t  sublimed and dissociated 

to  yield a gaseous mixture of amnonia and hydrogen chloride. This mixture 

is then passed over a bed of supported iron oxide catalyst. The hydrogen 

chloride reacts with the iron oxide t o  yield iron chlorides and the 

separated ammania can then be rec.wered for reuse in the Solvay process. 

After recovery of the m a n i a ,  the iron chlorides formed are reduced with 

hydrogen t o  the ferrous s ta te  and the hydrogen chloride and ferrous chloride 

are reacted with oxygen t o  yield fe r r ic  oxide, chlorine and water. The 

fe r r ic  oxide is recycled t o  the i n i t i a l  process step and the water-chlorine 

mixture is dried with sulfuric acid t o  prepare the chlorine product. 

4.11.3 Ehgineering Considerations 

The original process is,as described W e .  H-ver, there were 

several drawbacks which .led t o  a process modification as  shown in Figure 20. 

In the impraved version, the reactant mixture circulates through four 

vessels by means of a mwing bed. The f i r s t  reaction step in the modified 

process involves reduction of the supparted catalyst t o  ferrous oxide 

(Fa) by means of hydrogen. This initial reduction is accmplished with 
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the gases and solids m i n g  countercurrently,.in the f i r s t  vessel. In the 
. . ' secmd vessel, in to  which the reduced catalyst then- flaws, m i u r n  chloride 

vapors 'are ' '&tk-cducd' ahd 'these 'r&act.'with the' reduced catalyst t o  yield 

ferrous chloride and free airmmia. The %mania is  receivd.  frm the' s m d  

chamber and the solids are then f d  t o  the third and fourth chambers, where 

the fewous chloride is oxidized i n  .two steps t o  chlarine a d  fe r r ic  oxide. 

The fe r r ic  a i d e  is then recirculated t o  the i n i t i a l  process step. 

Other patents granted for t h i s  process involved regeneration of the 

fe r r ic  oxide catalyst,  process equipment design nn3ifications and the choice 

of catalyst support rrraterials. ' I 
Operating temperatures for the process steps are: 

(1) 400' - 500°C for the i n i t i a l  fe r r ic  oxide reduction step. 

(2 )  350° - 480°C for the m i u r n  chloride reaction step. 

(3) 550°C for the conversion of ferrous chloride t o  chlorine and 

fe r r ic  oxide. 

A l l  reactions are conducted a t .near  amspher ic  pressure. 

4.11.4 Process Ecmcsnics 

The overall ecmcsnics of this scheme are unfavorable because: 

(1) The process, with its high operating temperatures, requires a 

cmsiderable energy input. Hydrogen is also required. 

(2) The conversion efficiencies for ferrous chloride t o  fe r r ic  oxide 

are only about 95 percent and there may be a build-up of unccm- 
verted ferrous chloride i n  the catalytic bed with time. 

(3)  The process m y  suffer f r m  operational problems because it is 

operated a t  temperatures above the melting point of ferrous 

chloride (306OC) . A t  higher temperatures small amaunts of 

liquid ferrous chloride and ferr ic  chloride m y  become entrained 

with process gas streams. 

For the above reasons, the process was apparently abandoned. 



4.11.5 Overall Outlook 

Due t o  the high energy requir-ts and operational problems, this 

process can be dropped £ran further consideration. 



4.12 Chlorine from Salt and Sulfur Trioxide 
. . 

4.12.1 History 
... : , . 

This chlorine,generation . . process developed f r m  . the . c m r c i a l . p r o -  

duction of chlorosulfuric acid ' (HOSOnC1) , chlorosulfonate sa l t s  (e. g. , 
NaS03C1), thionyl chloride (SOC12) and sulfuryl chloride (S02C12). 

Research efforts can be traced back t o  1940, when a patent was issued 

t o  ~auch  and 1ler foi- ' .~  new mthcd of producing scdium chlorosulfonate. 
. *  . . . ._ '. . . 

Other piltentk iksud tb  .11& of &nt dealt with further developmnt's 

in productionof other chlorosulf onate cconpounds . Other patents in this 

area were issued for other organizations, including Amrican Cyanamid 

corporation. s9 I ?. - ' : . . .. : 

. . . . 
In 1942 patent 'was issued t b  A. H. Maude of Hooker Chemical for 

" 

separation of sulfur dioxide f& cklorine . Similar patents were ' received 

by Hexon and M i l l & ;  MrAdam, Farrell and Eiahelburger ; and Bouchard and Iler. 

During World,War JI a.process evo1ved.m produce chlorine using chloro- 
. . . . . .  . . . 

sulfonate sa l t s  as follws: . , 

(1) Preparation of sodium chlorosulfonate £ram sulfur trioxide and 

s d i u ~ ~  chloride. . . .  :;.. :. 

(2 )  Th-1 decapAiition of this A t e r i a l  t o  sodim sulfa* (Na2SOi ) , 
. . . . 

sul& 'diokde and 'chlorine. ' 

' 

(3) Separation of the' &l£ur dioxide and chlorine ' w i t h  remval of -the 

ch1orine:'as product and'oxidatiori of the separated sulfur dioxide 

. t o  sulfur. , . .kioxide for recycle in  the process. 
I . . ._ ' : . . , . 

'.Work continued on this process unti l  1950 when.other processes for 

chlorine generation becam more attractive. The process never developed 

past.the laboratory stage.., .Hawever, a,nurtker of current coanrnercial 
. . 

operations evolved f r m  these efforts including: 

(1) The mufacture of chlorosulfonic acid and chlorosulfonates. 

(2 )  The use of o%bon tctrachl6ridc and sulfur n&ochloridc (S2Cl2) 

for separation of ' chlorine f r m  sulfur-bearing .gases. 

(3) The mufacture of sulfuryl chloride. 



4.12.2 Scientific Basis 

The f i r s t  stage of this  chlorine production process is the absorption 

of sulfur trioxide by s a l t  a t  relatively low temperatures t o  form sodium 

chlorosulf ate as sham i n  equation (1) . 
NaCl + SO3 -t NaSO, C 1  (1) 

Above 225OC sodium ~fiorbbUifdiia$e' begins to  deccanpose into pyro- 

sulfate, sodium chloride, sulfur dioxide and chlorine [Equation (2) 1 : 

Reaction kinetics results shm that this process is f i r s t  order with respect 

t o  temperature. Laury suggests ~t thlmyl chlurfde will Ix: p ~ u l u c d  by 

the deccanpositim i n  a cmpeting reactim as fulluws : 

F'urthenmre, in the presence of oxygen the thionyl chloride may be oxidized 

t o  sulfur dioxide and chlorine: 

Other side reactions are also possible. me  product formed could be pyro- 

sulfuryl chloride. This w i l l  occur when the sodium chlorosulfonate is 

heated in the presence o i  excess SU3  [&patieus (5) 1 ! 

Above 250°C the pyrosulfuryl chloride w i l l  deccanpose into sulfur trioxide, 

sulfur dioxide and chlorine. Complicaticms in production can arise f r m  

these side products. 

The min reactims followinq f r m  the sodium chlorosulfonate decompo- 

siticm step are: 

2Na2S207 + 2NaC1 + 3Na2SOl, + SO2 (g) + C12 (g) (6) 

2NaC1 + 2S03 (g)  -t Na2S04 + SO2 (g) + C12 (g) (7) 

2NaS03Cl +Na2S04 + SOn(g) +Clz(g)  (8) 



The adsorption reaction of salt and sulfur trioxide [Equation ( 7 ) ]  and the 

overall yield reaction that  produces sulfate and the chlorine/sulfur 

dioxide gaseous mixture are both exothermic. The int-iate deccanposi- 

tion reactims are endothermic, hawever. These t m  facts  could be 

m o r t a n t  since they indicate the possibility of technical problems with 

energy requirmts and heat removal during the production process. The 

high temperature e n v i r o m t  (>300°C), is ,responsible for the exothermic 
[ ' ,  2 !" 

reaction and the energy balance bec-s more &"orable a s  the temperatwe 

increases. Conversely, a t  ambient temperatures the overall process is 

endothermic . 
.. ' I  

4.12.3 Engineering 

There are tm routes - a single-stage and a two-stage process.- for 

obtaining chlorine. Figure 2 1  represents the process flaw chart for  the 
. . . .  ,. . 

single-stage system. The single-stage process is carried out a t  high 

temperature and requires;that pure sulfur trioxide be used un1ess"the gas 

product of the reaction w i l l  be diluted by oxygen and nitrGen.  

The two-stage process, sham in Figure 22, isolates the i n t ~ n w d i a t e  
. . .. . .  . . .  

product . sodium chl&osulfmat& and uses sulfur trioxide ' a &&tact gas 
I .  

. . -  ;...5 . . fom. . . . <  . 

For both pr~cesses, .~. there are  four riain- steps as. follaws: 

(1.) Manufacture of Lulfur trioxide f r m ~  sulfur o r  £ram recovered 

sulfur dioxide. 

(2) Manufacture of..sodium.cNorosulfonate £ran s a l t  and sulfur 

trioxide .' . . . . .. 
(3) Deccanpositim of the sodium chlorosulfonate into salt-cake and 

, . . . . . . . . , . . . 
the gaseous products, chlorine and sulfur dioxide. 

(4)  Separation of the gaseous chlorine-sulfur dioxide mixture a d  

production of liquid chlorihe. 

The two-stage process has several drawhacks m e d  t o  the single- 

stage process. F i r s t ,  technical d i f f icul t ies  are reduced with the single- 

stage because there is  no i n t d i a t e  product separation. Secondly, 

since these intenrediate d e c a p s i t i o n  react ims are endothermic, heat 

must be contained within the walls of the reaction chanber. Const.n.lction 
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material limitations hamper this process. For these reasons, the single- 

stage process is m r e  attractive and is discussed further. 

The primary equipwnt used in  the single-stage system is: 

(1) A unit for the production of oleum which uses either sulfur or 

pyrites as  raw materials. 

(2)  An oleum desorber made up of Reymrsholms sulfur trioxide stills. 

(3) Grinders and preheaters for sa l t  preparation. 

(4)  A series of reactors, such as fluidized bed or rotating-drums. 

(5) A mans of separating chlorine and sulfur dioxide and producing 

liquid cMorlrie. . . 
- 

I 

Max imm conversion efficiency for this prccess is reached &en the 

s a l t  particles are suspended in the gas. Caking of the reactive materials 

occurs, however, which decreases the effective contact hetwen gas and 

sa l t .  High temperatures in excess of 500°C are necessary t o  prevent caking 

which is caused by the 300°C adiabatic temperature r i se  of pure sulfur 

trioxide. Since the chlorine/sulfur dioxide mixture is extremely active 

a t  these high temperatures, reactor walls should be constructed of a 

highly corrosion-resistant material. 

A main study area for this process was the separation of chlorine from 

the chlorine/sulfur dioxide mixture. Tim separation techniques were 

considered -- selective absorption in a suitable solvent and formation 

of sulfuryl chloride (S02C12) frcnn the azeotrope. ,Selective oxidation was 

'suggested by one researcher but was not actively pursued. 94 

Selective absorption uses a s u i t d l e  clilorinated solvent, such as 

sulfur mnochloride or carbon tetrachloride, t o  separate the mixture. 

Study results sh-d that carbon tetrachloride is the preferred solvent. 

For the secmd separation procedure, the chlorj.ne/sulfur dioxide 

mixture is fractionated t o  give sulfur dioxide and the azeotrope which is 

further converted t ~ ~ s u l f u r y l  chloride. Saw chlorine is separated in 

the fractionation process i tself .  The sulfuryl chloride is then converted 

t o  sulfur'dioxide and chlorine and the separatim cycle repeated. This 

process encountered corrosion problems in the fluidized bed reactors 

during laboratory tests.\ Discussions with the original researchers 



revealed that  this problem was solved satisfactorily. An economic and 

e n v i r o m t a l  problem is the disposal of two tons of salt cake (sodium 

sulfate contaminated with about 10 percent s a l t )  and one ton of sulfur 

dioxide for every ton of chlorine made. 

Another process for separating the chlorine/gas mixture was developed 

af ter World W a r  I1 in Oppau, Gennany , by I. G. Farben . 9  Chlorine was 

obtained by the oxidation of hydrogen chloride. An important aspect of 

this process was the mechanism for chlorine gas separation. The dry gas 

mixture produced in the plant was scrubbed a t  8 amspheres  of pressure with 
. . . . .  

sulfur eochloride ' . '  C3lorine was absorbed and the oxygen 6 s  recycled for 

use i n  oxidation. The chlorine product was desorbed under pressure and 
. .  . ' . . . . 

liquefied. 

4.12.4 Economics . . 

When 'det&nh-ing the ea&canic feas ibi l i ty  of this 'process, one must 

consider the production costs versus revenue generated by the sale of co- .: 

products. In 'the' salt-sulfur triaxide process ;.' chlofine , sulfur dioxide 

and sodium sulfate are potentially marketable. .Sulfur dioxide is used 

in the ' su l f i t e  pulp industry and sodium s u 1 f a t e . i ~  a raw ik t e r i a l  for  

Kraft'paper and glass productian. Inccm received from the sale of these 

products 5s obtaihed by multiplyi&g the t o t a l  quantities consumed by the 

unit price of the item. The to t a l  cansumption,of sodium sulfate is 

1,486,000 tons per year (see Table 10)  and the price is ,$55 per ton. It 

is probable, haever ,  that the sodium sulfate w i l l  not be salable because 

it w i l l  contain salt up t o  10 percent by weight. 

I f  chlorine production by this process e r e  more than 700,000 tons 

per year, the arnxlnt of sodium sulfate produced would exceed to t a l  U.S. 

- demand. . .  Disposal . of . . excess . ,  sodium sulfate . .. ... , would be n q s s a q . a n d .  _ .. might 
cause environmntal a s  wll as  economic problems. . . 

r 

4.12.5 Conclusion 

Distzlssims w i t h  W o n t  and the original research personnel revealed 

that t h i s  process was abandon& in the l a t e  1940's because of the inabil i ty 

t o  separate sulfur dioxide.and chlorine gases completely and the disposal 

problems associated with ircpxlre sodium sulfate. Difficulty in carrying 



Table 10 

Sodium Sulfate  Production in the  U.S. 

mtal U. S. Production (1977) 1,486,000 tons 

Ikrount fmm natural so~rces  72n,OnO tons * 

O t h e r  By-Product kcovery 

(rayon, cellophane, Li2C03, dichmmate) 581,000 tons 

Mannhein Pmcess 

Hargreaves Process 135,000 tons 

Source : D i r e c ~ r y  of Chemical Producers, U. S.A. , Stanford &search 
Institute, PY77. 



out certain process steps on a large scale, uncertainties about equi-t 

function, corrosion, and operatima1 methodology are further reasons for 

questiming the efficacy of tkis process. The relative magnitude of these 

problems is unknown because no full-scale operations of th i s  type have ever 

been undertaken by which data could be obtained and studied. 

In c&clusion, this process has insufficient advantages t o  outweigh 

its uncertainties and costs, so it w i l l  not be studied further. 



4.13 Chlorine fran Hydrogen Chloride aid Sulfur Trioxide 

4.13.1 Holme and Hooker e t  al.,, Process 

4.13.1.1 Process History 

Sulfur trioxide, when used in an oxidation reaction with hydrogen 

chloride, produces chlorosulfonic acid (HS03C1) from which a final  chlorine 

product can be retrieved. 

Work on this  decmps i t im reactim using mercuric sa l t s  as catalysts 

was done by Ruti in the early 1900 'S .  ' He conceptually d e s i y r ~ d  s u e  

coaranercial applications for the manufacture of sulfuryl chloride (S02C12). 

Deccanpositicm of the acid without using a catalyst was performed by Wllor, 

but his work was not carried through extensively. Sanyer and Reige also 

mrked on the non-catalytic deccanposition reactim t o  obtain a sulfuryl 

chloride product. The kinetics of th is  particular reacticm have been 

studied in depth by Payne, Pearce , and Femelius . A process for using 

higher temperatures t o  prevent pyrosulfuryl chloride formaticm was also set  

forth by Farbmind. ' O O An expansicm of these pyrosulfuryl cmtrol  methods 

was la ter  set forth by W d s  in the early 1 9 4 0 ' ~ . ' ~ '  In the 1940's 

Kallal concentrated once again on the use of mrcuric sa l t s  as catalysts. l o 2  

Kallal mrked extensively on decomposition rates of chlorosulfonic acid 

using varying catalyst concentrations. 

Once the basic processes have been established, the mjor  effort  was 

t o  improve process efficiency, especially chlorine separatim procedures. 

Johnstone in 1942 did important studies in this area along with Bouchard 

who focused on absorptim precesses for separation. ' ' " W b r ~  LeLt-a- 

chloride was the preferred absorber. These absorption processes and on- 

going improvements were ccmtinually patented unt i l  the la te  1950's. Tho 

of the m o r e  prominent patents were by Holm in 1956 and Hooker, Geeroog, 

and Maude. ' O 

A l l  the research work was laboratory scale. No extensive tes t  

facilities m e  developed. Further work cm a l l  the pat.ents received has 

been abandoned. 



4.13.1.2 Scientific Basis 

The i n i t i a l  step of this process is the f o m t i m  of chlorosulfonic 

acid. This is accomplished as  follows: 
. . . . . . . . .  

HCl(g) + S03(g) . ,+ HSo3cI'(l) 
70-100°C 

C m c i a l l y  chlorosulfonic acid is produced frcnn contact plant gas and dry 

hydrogen chloride. The chlorosulfonic acid p rduc t  is then decconposed by 

using rnercuric chloride with the whole system under pressure. This decompo- 

s i t ion reac t im is: 
160°C 

2HS0 3c1 (1) + S02C12 (g) 
HgC12 

The effects  of pressure on the cmversion ra te  can be seen i n  Figure 23. 

With pressure maintained between 3 and 11 amspheres  ,the react im proceeds 

a t  a continuous and faster  rate. The change in free energy a t  the tempera- 

ture of react im is AF = 6190-16.27(T). A t l l O ° C  the reaction is spontaneous 

Note that the sulfuric acid produced is sufficiently pure for sale as a by- 
. . 

product. . > . .  . . . .. . .. . _ , . .  . . .  . . . 

The next step involves the decampositim of the sulfuryl chloride t o  

sulfur dioxide and chlorine. T h i ~  is accomplished using activated charcoal . :  

as  a catalyst and high temperature as  follows: 

heat 
SU2CL2 + SO2 + Cl2  (g) 

catalyst 

A t  the temperature of reaction the free enerqy chanqe AF = 7760-22.67T. 

A t  room temperature, deccanposition does not occur, but a t  temperatures 

above 70°C, the react im theoretically bemmes spontaneous. 

The mixture of sulfur dioxide and chlorine is then.passed through a 

solvent absorber using carbon tetrachloride or. sulfur mnochloride. In 

this solvent, sulfur dioxide is relatively insoluble, while chlorine is 

~ 0 l U b l ~ .  

The free energy & a g e  is, AF = 10,500-4.61(T) b g  T - 16.08(T), a t  the 

temperature of reaction. A t  high temperatures (above 350°C) , the reaction 

theoretically beoorries spontaneous. 



Figure 23. Decomposi t ion o f  ~ h l o r o s u l f o n i  c Acid A s  A Function o f  Pressure  
Using A Mercuric C h l o r i d e  C a t a l y s t  

Timc-Minutes 



The next two steps in this process are recycling procedures. The 

f i r s t  deals with the recycling of sulfur &oxide t o  the *initial process 

step. The sulfur dioxide produced in step 3 is cambined with oxygen t o  

make the sulfur trioxide. 

In the second operation the absorbing solvent is recycld.and the chlorine 

product is recovered: 
, hcat 

C l 2  in m14* + C l 2 f  +,CC14* 
(product ) 

*S2C12 my be used as the absorbing solvent. 

The overall free.energy change'of the total  reaction is about 115 Kcal/mle 

a t  2S°C. The overall process reactim is: 

The overall free energy change is exothermic. Process electricity necessary 

for"the production of one kkg of chlorine is 305 kwh. 
. . 

An overall flow chart for this process is shown in Figure 24. The 

selective absorption mchanisn is used t o  separate the chlorine and the 

sulfur dioxide. 

The operation can be described as follows: 

(1) Manufactqre of the chlorosulfonic acid using sulfur trioxide 

contact gas and hydrogen chloride. This is carried out by 

passing both gases t o  the base of a packed tower.  Cool chloro- 

sulfonic acid is circulated t o  the tmer  such that it .dissolves 

: the sulfur trioxide and exposes it to  the hydrogen chloride for 

reaction. Circulation must be mainta+ned so that the excess 

, . "neat of reaction can be r-ved. A tanperature ot  around 100% 
.. , . 

is requjxd; ... . . . . , , 

(2) The catalytic (mercuric chloride) d e q o s i t i o n  of the chloro- 

sulfonic acid then occurs. Sulfuryl chloride and sulfuric acid . . 
are geheratd a t  temperatures from 150°C t o  300°C. This reactim . : . .. 



Heat 
S u l f u r i c  Acid  

Product  



is slow and is the controlling process i n  continuous operatim. 

. With pressure maintained between 3 and 11 amspheres  the 

reactiq.proceeds a t  a continuous and faster  ra te .  (see Figure 23,  

. page 104) .  The only diff iculty is separatj-m of the process 

catalyst ,-(mrcuric chloride). The use of these higher pressures. 
. I .  

requires high capital expenditures for purchasing both the 

pressure generating equipment and pressure resistant systems. 

(3") " The' catalytic (activated charcoal) decompositim of sulfuryl 
I 

chloride in to  sulfur dj,oxidee and chlorine occurs a t  a temperature 

above 200°C: 
.. . 

' (4) Separ+tim. of the sulfur dioxide/chlorine mixture by selective 
' . i .  , . 

adsorption onto carbon tetrachloride or sulfur mnochloride., 

(5) Recycling of the carbon tetrachloride t o  s tep.  (4) and the 

remval of the chlorine f r m  the carbon tetrachloride. 

Sore process problems did arise with the bench test ing of this 

mthcd. ' b s a t i s f a c t o r y  yields werc .obtained due t o  clogging in the tcwer. 

~canbhed with ' this '  problem was that of balancing the feed ra te  and heat 

input rate. Further testing is needed t o  inprove process efficiency. 

, Corrosion problems nust also be addressed. In the absence o f  leaks . , 

and moist a i r ,  s t ee l  and iron casings are protected; haever ,  surfaces of 
. .. 

copper, nickel, and s i lver  alloys are eroded slowly. The acids present 

are strong enough t o  damge m t  and brick, so a l l  substances of this 

type used should be acid-proof. Leakages f r m  these tmrs could have 

serious enviranrnental effects ,  especially f r m  mercury s a l t  catalysts and 

sulfur- dioxide. 

4.13.1.4 Economics 

This hydrogen chloride/sulfw trioxide process.has soane advantages 

which makes it attractive. The raw materials needed are easily 

obtained, although hydrogen chloride supply m y  be limited, and the process 

reactions are easi ly controlled. It has the disadvantages of having t o  

separate sulfur dioxide and chlorine, and remove mercuric chloride from 

the sulfuric acid product, but i f  these problems can be solved, then 

large-scale quantities may be generated. 



The econamic feas ibi l i ty  must still be proven. A post-World W a r  I1 

(1948) estimate on the  capital  cost of start ing a 100 ton-per4ay fac i l i ty  

was $3,000,000. Combining a l l  the operating costs with this capital cost 

figure puts the t o t a l  cost of producing chlorine a t  $45 per t o n ' ( s t i l 1  in 

1948'dollars). This figure neglects the revenue earned from by-product sales. 

4.13.1.5 Conclusion 

This process has a n-Lnnber of technical problems. The mst inportant 

one is removal of mrcuric catalysts f r m  the  sulfuric acid by-product. 

Unless better rennval of these mrcuric s a l t s  can be achieved, the co- 

prdiint .  w i l l  be. unsalable. Add t o  this the eorrvsiwl of sulfur dioxide- 

shlori nP separation problems, an8 we cur~clude Llmt no furthex @£ foart~ wi 1 1 

b- devoted t o  this process. 

4.13.2 KuhJmann Chlorine Productim Pkthod 

4.13.2.1 History 

This chlorine production process uses hydrogen chloride, oxygen, 

sulfur dioxide and a catalyst ,  and is. considered an inp?raver&t over the 

HO-s and Hooker e t  a l . ,  process. The p inc ipa l  developer was the 

Kuhlmann Corporation of Par i s ,  France, which received a patent on 

June 6, 1968. 'I1 Deve1opw-k work on th i s  m#cd was carrf ed aut only on 

a lahra tory  scale and further process refinemnt has ceased. 

4.13.2.2 Scientific Basis 

The chemistry of the Kuhlmann Pkthod is an imprmemnt on a similar 

process developed by the Holm and Hooker e t  al., which utilized sulfur 

trioxide as an oxidizing agent for convert- hydroye1 chloride into  

n .  The following ecptims suiranarize t h i s  mchanism: 

S02C12 (1) + so2 (g) + C l 2  (g) (3) 
activated 
charcoal 



Pracjmtically, these reactions must be carried out separately because 

reactions (1) and (3) are rapid, while reaction (2)  is slow. As such, 

chlorosulfonic acid must react under pressure in the liquid phase t o  a t ta in  

sufficient sped .  This condition is d e t r k t a l  since continuous operation 

of the process is d i f f icu l t  and separation of the catalyst,  sulfuric acid 

and sulfuryl chloride is a problem. 

Kuhhmnn ' s impr&emnt, shown i n  Figure 2 5, involves oxidizing the 

hydrogen chloride,in a single step t o  produce liquid sulfuric acid and 

gaseous chlorine. This reaction is represented by the following equation: 

SOa (g) + 02 (9) + 2HCl (g) + H2S04 (1) + C l 2  (g) 
catalyst 

The catalyst in t h i s  case is an inert support material combined with 

3 t o  15 percent vanadium campounds and 5 t o  20 percent a lkal i  meta l /  

alkaline earth m e t a l  oxides. The resultant products axe gaseous chlorine, 

liquid sulfuric acid, sulfur trioxide, chlorosulfmic acid and a small 

quantity of unreacted sulfur dioxide. F'urtherr treatmmt of this mixture 

involves condensing the c l ~ l ~ o k u l f ~ i c  and sulfuric acids, absorbing the 

sulfur trioxide in sulfuric acid and separating ,At the desired chlorine. 

4.13.2.3 Engineering 

The conceptual method of operation for this process involves a two-  

stage process: heating, then cooling. In the heating state an equilibrium 

is reached between the reactants (i.e., SO2, O2 and HC1) and the products 

( i .e . ,  H2S04 and C 1 2 ) .  

The m e r a t u r e  a t  atmspheric pressure must be between 400° and 600°C. 

These leg11 LwlpeLature ranges must be maintained; hmever, the pressure 

level m y  vary f r m  below atmospheric up t o  10 atmspheres. 

The obtained equilibrium, hmever, does not permit a ccanplete con- 

version of hydrogen chloride t o  chlorine. This requires a cooling stage 

i n  which t b  reaction of thc hydrogen ~1110ride dud sulfur trloxide is 

completed. In the cooling stage chlorosulfonic acid is fo& frm the 

hydrogen chloride and the sulfur trioxide. The reaction temperatures 

present in tkis zone are between 100' and 120°C. 



Figure  2 5 .  . Flow Diagram For Kuh?rnann P r o c e s s  



. , 
Under the above operating conditions, the contact times between the 

gaseous start ing mixture and the catalytic mass should range between 1 and 

20 seconds. Optimal contact time is between 3 and 10  seconds. Catalytic 

contact can be made on either a fixed or fluidized bed, which pranaotes 

continuous process operatim. 

4.13.2.4 Economics 

No econamic asses&t or  cost data are available. 

4.13.2.5 Conclusion 

The advantages of this process are that  95 perccit yields are attain- 

able and continuous operation is easily achieved. The major problems are : 

(1) the p r e s s  is based on hydrogen chloride, so raw material supplies are 

limited; (2) materials involved are of a highly'corrosive nature; and 

(3) high process temperatures are required. . . 

The overall conclusion is that  the costs and r z w  material shortages 

outweigh the yield and operating advantages, so this process w i l l  be 

excl,t~ded f r m  further study. 



4.14 Oxidation of Hydroyen .Chloride with Hydrogen Peroxide 

4.14.1 Process History 

In this process hydrogen chloride is reacted with hydrogen peroxide 

and calcium chloride. The principal developers of the process are Hans 

Klebe , Alfred Mef fe r t  , and Albert Logenfeld. ' ' The process patent was 

assigned t o  the Deutsche Gold- and Silver-Scheideanstalt-vormls Rcessler 

of Frankfurt, Germany. The original patent was fi led on July 5, 1972, and 

granted on April 23, 1974. The patent is an improvement on earlier work 

performed by Klebe in  1970. The m a i n  r e f i n m t  t o  the original patent 

work is the addition of dissolved calcium chloride t o  the reactant mixture 

to  i ~ r o v e  yields. The cmplete process operation was  only carried out rn 
a b n c h  scale and ccanrtlerclal feaslblliky was 110k explored. Currently, 

process deve lopn t  is inactive. 

4.14.2 Scientific Basis 

The basic equatiai for t h i s  ' technique is : 

A s  an additive t o  this  equation, calcium chloride is used. This is added 

in the artlount of 100-500 grams of calcium chloride per liter of reaction 

solutim. The aqueous hydrogen chloride solution conce~tration ranges 

from 20-40 percent by weight w i t h  a preferred range of 25-35 percent. The 

aqueous hydrqen peroxide solution has a preferred cmcentratj.on range from 

40-70 percent, w i t h  a maximum value of 90 percent. During solution pxep~a-a- 

tion hydrogen peraide is usually added in the rat io  of 0.8 to  0.9 moles 

for every 2 moles of hydrogen chloride. The temperatures a t  which the 

various c-nents react depend on the particular procedural ~urechanisu~ us&. 

The reaction can occur either a t  the temperature provided for the 

absorption agent of 27O-40°C or a t  the temperature provided by the oxida- 

tion reaction activation tanperatme, which is &low GOnC. Operating 

pressures of 0.2 t o  0.95 atmospheres enhance chlorine PikraLion. Odorhc  

can also be liberated by using a rinsing gas that str ips the chlorine frcnn 

the reaction c-r. A cambination of low pressure and a rinsing gas 

often is used. 



Engineering 

The process can be carried out by batch or continuous >\A; ,. , operations. With 

a continuous operation, water must be constantly r m e d  t o  maintain adequate 

hydrochloric acid concentrations. Water fo& during reaction can be 

withdrawn i n  the form of di lu te  hydrochloric acid. Hydrogen chloride gas 

is added t o  maintain hydrochloric acid concentrations. 

The overall process can be a c c q l i s h e d  using any of three separate 

sub-processes which dif fer  i n  how the hydrogen chloride is extracted f r m  

the hydrogen chloride-containing gas. 

The f i r s t  methcd uses a multi-step countercurrent wash with hydrochloric 

acid t o  separate the hydrogen chloride, steam, and a i r  mixture and r a v e  

heat prior t o  reaction with hydrogen peroxide. The cooled product f l m s  

concurrently t o  the hydrogen peroxide through a packed tower t o  form the 

chlorine gas. One advantage of this technique is that  chlorine can be 

obtained fran gas mixtures having a low concentration of hydrogen chloride. 

The second,technique uses the s m  multi-step wash, except that the 

resultant' s&lution is heated un t i l  enough hydrogen chloride is removed t o  

form an azeotrope. The dekrbed hydrogen chlori6e is then contacted counter- 

currently with cancentrated hydrochloric acid and hydrogen peroxide. 
' 

Chlorine is £om& in  the reaction t o w s  and r m e d .  Excess water is 

discharged i n  the form of azeotropic hydrochloric acid. 

The tkird alternative sub-process does not separate the gaseous mixture. 

The hydrogen chloride is introduced immediately in to  the aqueous Iuediurn 

and reacts with the hydrogen peroxide. The product chlorine gas must be 

recmcentrated, haever ,  because it is mixed with accmpanyinq qases of 

the hydrogen chloride mixture. Regardless of the procedure used, the 

yields are good, in excess of a 90 percent conversion. 'Table 11 contains 

information obtained f r m  the patent. 

An advantage of this process is that no special equipt-mt is needed 

t o  perfonn the operation. Standard reactions such as  the desorption of 

hydrogen chloride from hydxochloric 3c-i.d to  fm t h ~  azeotropc c m  bc 

accmplished by existing c ~ r c i a l  processes. 



Table 11 

Yields f r m  the Hydrogen Peroxide-Hydrogen Chloride Process 

HC1 Reaction 

Hydrogen chloride brought i n  as  hydrochloric acid 128.5 kg/hr 

Theoretical chlorine yield 12  5 kg/hr 

Chlorine obtained. 103 kg/hr 

(a  yield of about 83 percent) 

H202 Reaction 

H ~ C I ~  (100 percent added) 

-retli ral chi-orhe yield 

(a yield of about 34 pcrcent) 

Although this process has l o w  energy requirmts and high yields, S - t  

is ruled out as a viable mans of c b r c i a l  chlorine prcducti& because 

of the high cost and low availabil i ty of hydrogen peroxide. Hydrogen 

perk ide  producers have no incentive t o  increase praluction without an 

increase in price. Precise econcnnic data were not available in the patent. 



4.15 Chlorine fram Alkali M e t a l  Chlorides and Nitrogen Oxide 
Campounds 

4.15.1 Vicksburg Process 

4.15.1.1 Process History 

The concept of producing alkali  letal ni t ra tes  and a chlorine co-product 

from alkal i  l e t a l  chloride and n i t r i c  acid and/or nitrogen dioxide is quite 

old. A s  early as  the 19301s, Allied Chanical worked on a process for co- 

production of sodium n i t ra te  and chlorine. A fac i l i ty  was bui l t  before 

Wor1.d W a r  I1 a t  Hopmll ,  Virginia, and was operated unt i l  the mid-1960's 

when it was shut down due t o  a lack of demand for sodim nitrate.  Also in ' 

the 19301s, the U.S. Department of Agriculture developed a process for 
' 

potassium ni t ra te  (KN03) production based on the reaction of nitrogen dioxide 

with potassium chloride. This process, however, was never c m r c i a l i z e d .  ' ' ' 
In the la te  1950's interest  developed in a process based on the 

reaction of n i t r i c  acid with potassium chloride t o  yield a potassium ni t ra te  

by-product usable for fe r t i l i ze r  applications. A t  least three organizations 

perfonned independent mrk  in  this area. In 1962 a patent was granted t o  

J. L. Chadwick of Delhi-Taylor O i l  for t h i s  process, however, t h i s  patent 

was not~ccmmrcialized due t o  corrosion problems. ' ' -st a t  the same 

time another patent was granted t o  H. A. Beekhuis (unassigned) for a similar 

process. ' ' 1 ' This work also saw no commercial application. 

In 1961, the Southwest Potash Division of Amrican W t a l  Climax 

Corporation (AMAX) began work on a process for converting potassium chloride 

t o  potassim n i t ra te  and chlorine. After p i lo t  plant evaluaticn, a plant 

was opened i n  1965 a t  Vicksburg, Mississippi t o  p r d u m  63,000 TPY of 

potassium ni t ra te  and 22,000 TPY of chlorine by-product. ' ' This fac i l i ty  

was operated by AMAX for several years, then was sold t o  Vicksburg 

Chemical Company in 1973. l 2  Vicksburg Chemical Company has continued t o  

operate the fac i l i ty  t o  the present date and has made a nmkr of minor 

rdi f icat ior is ,  mostly in construction materials t o  reduce corrosion 

problems.. No other f ac i l i t i e s  usi.ng t h i s  p r e s s  have been cmstructcd or 

are planned. 



4.15.1.2 Scientific Basis 

In this process, 64 percent n i t r i c  acid is f i r s t  reacted with potassium 

chloride according t o  the equation: 

This i n i t i a l  reaction is generally conducted belm 10°C t o  avoid corrosion 

problems involved in  handling hot n i t r i c  acid-chloride based mixtures.' 

F'rm this reacticm both gaseous nitrosyl chloride and chlorine are liberated. 

Next, the liberated gases are passed through a gas column reactor'where 

they are contacted with n i t r i c  acid vapors a t  elevated temperatures t o  

nyidi ze the nitrosyl  chloride present according t o  die equations: 

For these reactions, n i t r i c  acid in excess of 70 percent is required. 

The product mixture of n i t r i c  acid vapors, n i t r i c  oxide, nitrogen 

dioxide, nitrosyl chloride and chlorine is separated by fractional d i s t i l l a -  

tion. The chlorine fraction is compressed, liquefied and prepared for 

shi~gnent as product. The other separated materials (NO, NO2, NOCl and IIN03 

vapors) are fed t o  a nitrogen dioxide fractionating column, where nitrogen 

dioxide and n i t r i c  acid vapuxs a-c separated £ran the nther C ~ I I ~ W I ~ I I L S .  

The r i i t r ic  oxide and nitrosyl chloride are collected an?! recycled t o  the 

second process, The gas column reactar and the n i t r i c  acid and nitrogen 

dioxide are theLreconvertd t o  65 percent n i t r i c  acid for recycle back 

t o  the i n i t i a l  reaction step. 

F'urther processing is n e d d  for the i n i t i a l  reaction step sulutica~s 

which, after  release of nitrosyl chloride and chlorine, still contain 

the potassium n i t ra te  cu-p~docl  and m-eacted 65 pcment n i tx i s  

acid. These solut ims are stripped of excess water by heating and are 

then cooled and fed t o  a series of vacuum crystallizers, where 81 percent 

n i t r i c  acid is r d  a s  vapor. This acid gas is then recmdqnsed, con- 

verted back t o  65 percent n i t r i c  acid and recycled t o  the i n i t i a l  process 



step. The potassium nitrate recawxed in  this evaporative process is 

further separated fran residual n i t r i c  acid by centrifugatim and is 

then dried, melted, prilled, cooled and marketed. Nitric acid separated 

during centrifugatim is r e c m e d  and recycled. 

SCXE key aspects of this process are: 

A shif t  in  the caposition of the ni t r ic  acid-water azeotrope 

£ran about 70 percent n i t r i c  acid t o  aver 80 percent in the 

presence of high concentrations of potassium nitrate. It has 

been found that only the nitrates of the alkali meta ls  heavier 

than sodium sh i f t  the n i t r ic  acid azeotrape to higher cmce31- 

trates. The nitrates of the lighter alkali mtals (i.e., l i t h i u m  

and sodium) have the reverse effect of shifting the azeotrope 

t o  1- ni t r ic  acid contents, which was no problem w i t h  the 

old Allied sodium nitrate process. 

(2) The oxidatim of nitrosyl chloride (NOC1) to chlorine and nitrogen 

dioxide w i t h  n i t r i c  acid in  the 70-80 percent range a t  teqxra- 

tures and pressures wh ich  are pnactical fran an operatiaxil 

viewpoint. 

4.15.1.3 Engineering 

A detailed process flow sheet is provided i n  Figure 26. For the 

initial digestion reaction, titanium equi-t with extemal ceramic 

tgnperature insulation is used. Since the i n i t i a l  digestim is canducted 

belaw 10°C, the n i t r i c  acid is pre-chilled before mixing with the potassium 

chloride. 

In the rmriate c o l m ,  where continuatim valve sieve trays are used, 
as shawn in Figure 26, residual chlorine values are stripped £ran the 

n i t r i c  acid/potassium ni t rate  solutions. This stripping protects the 

equiprent through w h i c h  these solutions are &er pressurized to re- 

caver n i t r i c  acid and recover the potassium nitrate  product. Without 

removal of residual chlorine, severe chloride corrosim problesns wculd 

be encountered. All subsequent equiprent for processing of the 

potassium nitrate liquors and product is made of stainless steel. 



Figure 26. Detailed Vicksburg Process Flow Sheet 



The second main reaction, oxidaticm of nitrosyl chloride, is conducted 

in gas reactors made of glass-lined stainless steel. A n i t r i c  acid content 

of over 70 percent is required t o  make this reaction proceed-at a practical 

rate. Even with strong n i t r i c  acid, however, the oxidation does not go t o  

ccanpletian. After separation by dis t i l la t ion in  the nitrogen dioxide 

fractionator, nitrosyl chloride is recovered and recycled t o  the gas 

reaction columns. These columns, using canbination valve and sieve trays, 

perform the dual functions of oxidizing the nitrosyl chloride and renmving 

n i t r i c  acid vapor and water a l m s t  c q l e t e l y  f r m  this gas stream. This 

is necessary t o  protect subsequent processing equipnent from corrosion. 

A l l  fractional d is t i l la t ion equipnent for  the nitrogen dioxide/chlorine is 

made of Inconel nickel-chranium alloy. Regeneration of n i t r i c  acid fram 

nitrogen dioxide is conducted a t  100 psig. 

Equipnaent involved in recovery of potassium ni t ra te  f r m  the potassium 

nitrate-nitric acid solutions is made of Type 304 E X  stainless steel.  The 

Struthers vacuum crystallizers used in potassium ni t ra te  recovery grow 

relatively large crystals frml a 90 parts potassium nitrate/lO parts 

82 percent n i t r i c  acid fed by circulating large volurnes of high density 

slurry and producing only a small m u n t  of supersaturation per cycle. 

Purity of thc potassium n i t ra te  produced is over 99.3 percent. 

Themdynamic calculations for the averall reaction 

6KC1 + 6HN03 + 3/2O2 + 6KN03 + 3C12 + 3H20 

show the ent i re  process has a hF value a t  25OC of +27.1 Kcal/mle of 

chlorine generated. 

Currently, there are two f ac i l i t i e s  producing poepssium ni t ra te  in 

the United States. These two plants sat isfy the entire daanestic demand. 

Of these two, the Vicksburg Chemical plant is by fa r  the larger. The 

s e c d  fac i l i ty ,  operated by Mallinckrodt Chemical Company, produccs 

only a small amount of reagent grade material. 

As a resul t  of limited markets for potassium ni t ra te ,  further expan- 

sion of this process is unlikely. Process econcanics b e c m  unfavorable i f  

the potassium ni t ra te  co-product (current sale price $190 per ton) has t o  



be disposed of as a waste a t  a cost i n  excess of $10 per ton. For example 

the Vicksburg fac i l i ty  would annually sustain a $12.5 million decrease in 

inccnne i f  it could not s e l l  the potassium nitrate.  ' 
Plant construction costs (1965 base) of $8,000,000 have been reported. 

No operating cost data have yet been provided. 

4.15.1.5 Conclusion 

While this process is technically viable, limited markets for  the 

potassium n i t ra te  co-product make it unlikely that  additional plants of 

this type w i l l  be constructed in the foreseeable future. 

4.15.2 Pohssim Nitrate Prmess 
\ 

The process described helm is a forerunner of the presentday 

Vicksburg process. The process i t s e l f  was never carried past bench s c d e  

and the production of chlorine w a s  not a consideratian. The process 

originated w i t h  Donald Reed and K. G. clarkl l 7  in the mid-1920's. They 

w e r e  working with the Bureau of Chemistry and Soils of the U.S. Departmnt 

of Agriculture. The main thrust of ' their work was in the chemical fe r t i l i z -  

er industry. They developed a process for the production of potassium 

n i t r a t e  using nitrogen oxides and potassium chloride as follows: 
\ 

21402 +'HCl + KEJO3 + IIKx21 

No further work was carried out. 

Based on the Vicksburg process, however, the technology is known for  

converting nitrosyl  chloride t o  chlorine. The entire process is shown i n  

Figure 27. Fairly g o d  reaction rates were obtained in this process, but 

the cmversions were poor. Reactions were conduc'Eed generally under 

ambient conditions. 

Aside frcan work an the i n i t i a l  process reaction, no other effor ts  

were expended on this process. However, the thermdynamics and engineer- 

ing considerations for the reactions of nitrogen dioxide with potassium 

chloride are similar t o  those discussed for the Vicksburg process. 

In cmclusian, this process was a predecessor effor t  t o  the naw 

comrc ia l ized  Vicksburg process. Since the Vicksburg process supplies 

over 70 percent of U.S. potassium n i t ra te  production, a market does not 

exist for significant additianal amounts of this material. 
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Allied Chemical Ccanpany Sa l t  and N i t r i c  Acid Process 

4.16.1 Process History 

In 1847, Dunlop Ccanpany patented a process using sodium chloride and 

n i t r i c  acid t o  produce chlorine. Many modifications =re made to this 

basic process un t i l  the  Allied Chemical Company developed a ccmmrcially 

feasible scheme i n  the mid-1930's. The f i r s t  and only c m r c i a l l y  

successful plant t o  use th$ technology was bu i l t  in Ilopewell, Virginia, 

in 1936. The process continued t o  be mcdified and improved un t i l  the early 

1950's. The last major chanqe converted the  by-product ni trosyl  chloride t o  

chlorine and sodium ni t ra te .  By the 19601s, however, I3h.e FIopewell plant was 

shut d m  because of the reduced market for the sdim: n i t r a te  co-pf&¶ucx. 

This w k e t  had been reduced by the trend away frcan d u m  nitrate-based 

f e r t i l i z e r s .  

4.16.2 Scientif ic  B a s i s  - 
The f i r s t  phase of All ied 's  rnethod is known as the salt process with 

n l t rosyl  chloride neutralization. 1t converts salt, n i t r i c  acid, and 

sodium carbonate to chlorine and sodium ni t ra te .  The overall  chemical 

reaction including salt digestion, chlorine remvery and n i tmsy l  

di lu~icl t!  uic%lkia~ is: 

6 E1aCl + 12 H6\'IO3 + 7 NavCO? + 3C12 + 10NaPD3 

+ 2 CO2 + 2 NO + 6 H 2 0  

Note that for  each pound of chlorine produced, four pounds of sodimn 

n i t r a t e  are produed. 

There is a tendency in the digestiurl ~t?dcLicu~ t-o form ni t rosyl  chloride 

(NCC1) , reducing the chlorine yield. To increase yields, Allied oxid,i.zd 

the n i t rosyl  chloride a s  follows: 

The ni t rosyl  chloride is f i r s t  vaporized and oxidized with oxygen. This 

mixture is then cooled, condensed, and d i s t i l l ed .  Nitrogen tetraxide is 

recoverable as a l iquid p r d u c t  that a be stored ad sold o r  recycled 

to rrake n i t r i c  acid. 



4.16.3 Ehgineering 

The salt and n i t r i c  acid process flow chart is sham in Figure 28. 

To i n i t i a t e  the s a l t  process, n i t r i c  acid (63 to 66 percent) is mixed 

with sodium chloride. This mix is themally digested.and the chlorine 
' I 

formation reae ion  occurs, farming nitrosyl chloride and sodium nitrate.  

The product solution proceeds down the column where nitrosyl chloride and 

chlorine are stripped out. This nitrosyl chloride--chlorine mixture with ' 

entrained water vapor and n i t r i c  acid then enters a drying column and is 

scrubbed with cooled n i t r i c  acid. The nitrosyl chloride is then oxidized. 

In the.oxidatim scheme, the nitrosyl chloride is drawn through a 

separation column, then vaporized and heated. The vaporization, which 

converts nitrosyl chloride t o  chl.orine and nitrogen tetroxide, occurs in 

an oxidatiori interchanger and oxidizer a t  temperatures of 1000 t o  200°C. 

The resultant reaction-product mixture a t  about 200" t o  300°C goes t o  the 

oxidation cooler where its temperature is reduced t o  about 25' t o  35OC. 

The product mixture is sent t o  an oxidation liquefier where it is condensed 

a t  a temperature of -lo0 t o  -20°C to ' f ac i l i t a t e .  separation of nitrogen 

tetroxide and chlorine. The operating temperatures i n  the separation 

columns are about 15O t o  60°C. Nitrogen tetroxide exi ts  £ran the bottom 

of the column, while chlorine ems off the top. The e n t i r e  oxidation 

system operates a t  pressures up t o  8 atmospheres. 

Table 1 2  gives a raw material product relationship for this process 

in k m  of the overall equation t o  produce one tan of chlorine. 

A m j o r  operating diff iculty for this process is excessive corrosion. 

The equiprent used for this process must b e  corrosion resistant  and ' 

fluid-tight . ~ons&tian m t e r i a l s  , such as metal alloys and corrosion- 

resistant  cmmt, are needed. 

4.16.4 conclusion' 

This process is not industrially feasible because of the lack of a 

viable market for the trenaendous quantities of sodium ni t ra te  generated. 

I f  nmt! ul: the so8im ni t ra te  can be sold, disposal costs would be 

prohibitive frm both an econcmic and e n & r m ~ l  standpoint. C d i n i n g  

these problems with those of the corrosion potentials, this process appears 

infeasible for the ' large scale c k c i a l  pkduction of chlorine. 
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Table 12 

Component 

Raw Material 

Material Balance f o r  Allied Process 

NaCl 

FINO 3 

0 2  

Products 

N m 3  

c12 

N 2 0 4  

H2 0 

TOTAL 

Tbns of Compnent % of Component 



4.17 French Salt - Kaolin Process 

4.17.1 Process History . . 

In 1886, A. Goyeu found that heating a mixture of s a l t  and kaolin. with 

oxygen to  a temperature of l,OOO°C led t o  the fonnaticm of elemental 

chlorine. Lit t le further work was done with this reaction for over sixty 

years. In 1948, Briner and Roth performd a more extensive kinetic study 

of this reaction and corroborated the original finclings. ' Further verif i- 

cation was soon reported by Dodson in 1957. ' In 1966, after further 

laboratory studies, F.  anbe be, M. Foex, P. Cn1irt.y and G. Hulbt obtained a 

patcnt m a prnpmed grsess usirly U-JS sckuuc, ' " IJn f ~ r !~aeg  e.ff n*.s 

in this area have been repoiiteB slrlce. 

4.17.2 scientific Basis 

According t o  the patent of Trcnnbe, e t  a l . ,  this process involves the 

following steps: . 

(1) Kaolin and s a l t  are precalcined t o  renuva water a t  8OO0C. For the 

kaolin the following dehydratim reacticn occurs: 

(2)  The hot s a l t  and kaolin are mixed a t  a temperature of 850'C to 

create a bed of hot dehydrateil kaolin particles covered by a 

film of mlten sal t .  

(3)  Air is passed through the bed forming the co-products sodium 

aluminosilicate and chlorine, as follows: 

(4) The product chlorine exits the pr-xess w i t h  unreacted-nxygen and 
is recavered by selective absorption in a solvent, mch as ca-km 

tetraclduride. 

(5) The chlorine is recovered £ran the carbon tetrachloride by heating. 

N o  specific discussion is nude of further processing of the sodium - ) 

aluminosilicate co-product, although recovery of this cu-product m y  be 

required to  develop a viable process. Aside f r m  the Trombe, e t  a l . ,  

patent, no other recent work has been reported in this  area. 



4.17.3 Engineering 

The conplete process is outlined in  Figure 29. The i n i t i a l  portion 

of the process is from the Womk patent; the remaining steps needed t o  

recover a preliminary product are based on engineering estimates. The 

process equiprent needs for this operation are as  follaws: 

(1) For the i n i t i a l  heating of the s a l t  and kaolin, two calcinatim 

chambers are required; I 

(2 )  For the reaction of calcined s a l t  and kaolin with oxygen, a 

specialized high temperature reactor w i l l  be required.. The 

liquid sodium chloride must be introduced so as  t o  coat the 

calcined kaolin particles prior t o  thei r  reaction w i t h  oxygen. 

Since the process was never developed past the bench scale 

laboratory stage, no specificatims for reactor design are 

available ; 

(3)  The absorber for. recovery of chlorine f r m  the oxygen-chlorine 

mixture leaving the reactor consists of a countercurrent scrub- 

bing system with carbon tetrachloride -as the liquid. The gas is 

f i r s t  cooled and then passed through the scrubber where the 

chlorine is remved by the carbon tetrachloride. The oxygen 

passes unabsorbed through the scrubber and is returned t o  the 

reactor for  further process use. The carbon tetrachloride- 

containing chlorine then f l m s  into  a heated chamber where 

chlorine is expelled into the gas phase and the carbon tetra-  

chloride is recirculated t o  the scrubber. No data have been 

presented on concentrations of chlorine in the reactor exit 

gacles or on r e c m r y  uf chlorine from these dilute gas streams; 

( 4 )  The sodium aluminosilicate co-product from the high temperature 

reaction must also be further processed. ' This' material must be 

conveyed t o  a second reactor (furnace) where it is mixed with 

l i n e  and held a t  about 1,200°C t o  convert the sodium a l h o -  

silicate-lime mixture into sodium alminate and calcium s i l ica te .  

"This product &u-e must then be cooled prior t o  further pro- 

cessing; and 
I- 



Figure 2 9 .  S a l t  K a o l i n  P r o c e s s  
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(5) The cooled sodium aluminate-calcium.silicate product mixture is 

leached w i t h  water t o  dissolve the sodium aluminate. The . 

resultant slurry is then f i l tered t o  remove the solid calcium 

s i l i ca te ,  which is discarded a s  a process waste. The resultant 

clear sodium aluminate liquor is evaporated t o  recover a .sol id  

product suitable for use i n  the Bayer alumina production process. 

For the design of this process, the m m t  of data available on the 

different process steps varies considerably. Frm kinetic studies by 

Briner and Roth, and Dodson, it was found that  the reaction ra te  increases 

by a factor of 2-2.5 per 100°C in the 700"-850°C range.lZ5 Further data 

from Trombe, e t  a l . ,  reveal that  the reaction yield passes through a 

maximum a t  850°C and then declines w i t h  further temperature increase. 1 2 6  

A t  this temperature, reaction times of about 90 minutes would be required 

t o  obtain an 80 percent conversion. For the reaction of lim3 w i t h  the 

sodium aluminosilicate co-product similar ra te  data have not been presented. 

Also, no data on the detailed compositim of the material leaving the 

second reactor (where lire is used) have been released. Therefore, further 

assessrent of this process cannot be performed since the m u n t  of un- 

reacted s a l t  and kaolin is unknown. The kaolin, presurrably, would ex i t  

the process w i t h  the calcium silicate waste; h m v e r ,  the sodium aluminate 

cc-product might 'require remaral of residual s a l t  values before it would 

be acceptable.to the aluminum industry. The costs and energy involved in 

such a purification are a t  present unknown. 

Due t o  lack of data, overall process energy usages cannot be reliably 

assessed a t  this point. 

4.17.4 Economics 

The detailed e c o n d c s  of this process depend c r i t i ca l ly  on'whether 

o r  not a marketable sodium aluminate can be recovered as  a co-product. 

I f  a rmrketable cc-product cannot be recovered, the process must bear the 

costs of land disposal of about 4 tons of sodium aluminosilicate per ton . 

of chlori-ne generated. I f  one a s s m s  a land disposal cost of approxi- 

mately $10 per ton of .mter ia1,  then a $40 per ton of chlorine w a s t e  

disposal penalty would result  for the process i f  no marketable co-product is 

produced. This.cost is sufficiently high t o  M e  the process uneconomical. 



If a recwerable by-product sodium aluminate can be produced, then 

process econcanics are likely to depend on the following factors: 

(1) The cost of generating sodium aluminate f rm the ~ o s i l i c a t e ;  

(2)  The cost of purifying or upgrading the aluminate for sale; and 

(3) Waste disposal costs for the unwanted calcium silicate - about 

3 tons of this waste w i l l  be generated per ton of chlorine pro- 

duced. 

Until further process information is developed on the conversion of 

sodium a l ~ o s i l i c a t e  to  a mrketable sodium aluminate, a reliable 

economic asses-t of the overall process sch- cannot be mde. 

911e~e a-e a t  lcast four othar pass_i.hle. end tsses fun; ale sodium alunino- 

silicate which should also be explored as possibie alcematives. Iii each 

case by-product cleaning to remove residual unreacted sodium chloride and 

kaolin would be necessary. These are: 

(1) Sodium aluminosilicate is similar to the mineral nepheline 

.syeni.te which is used as a source of alumina for glass. F 'ur ther  

investigation of the aluminosilicate product as a substitute 

for that material i s  warranted. The 1970 market for nepheline 

syenite w a s  about 700,000 kkg per year. 

(2)  Another possible use for the co-prcduct is as an inert f i l ler  for 

pl ast.i.c or as a raw ~rnterial for the mufacture of roofing 

i s  The selling prices for both of these end uses, however, 

is expected to be low. 

(3)  The sdi.~nn aluminosilicate may also be convertible into zeolite 

type matmi a1 s , which also my be &icetable as ~ J S U L ~ I L S ,  

althouqh the market is relatively small. 

(4 )  There are additional processes in the, literature fur .U-e extraction 

of s&~m aJ11mi.nate from silicoaluminate minerals. These should 

be examined to  determine if  better mthcds exist for the extraction. 

of a more acceptable rnaterial for the aluminum industry. 

According to the Rench inventors, kaolin is the specified raw 

material. A t  present, it is not 'known whether this process would operate 



w i t h  other raw materials such a s  cammon clay. Kaolin costs range f r m  $30 

per tm for  the lowest grade up t o  $50 per tm for  higher grade material. 

Ccarnron clay costs  are i n  the $10-20 ton range. U s e  of c m n  clay i n  

place of kaolin could markedly reduce process costs  a s  3.25 tons of clay 

are required per ton of chlorine produced. 

. .  Tables  13 and 1 4  show a pa r t i a l  cost analysis for  two caseswi th  

this process: 

(1) The case of no co-product recovery where a l l  so l id  materials 

fo- are ass~rmed t o  be waste products. 

(2) The case where sodium aluminate is recovered a s  a co-product 

i n  theoretical yield. 

In both sets of costs,  the  following were assumed : 

(1) The lowest grade of kaolin would be an acceptable raw m t e r i a l ,  

(2) Minimum energy usages based on a well-insulated reactor and 

material transport system, 

( 3 ) No cost  fo r  oxygen, 

(4 )  No costs  w e r e  assessed fo r  return on investment, a s  plant 

construction materials are uncertain, and 

(5) In Table 1 4 ,  ccanplete recovery of a lowest grade of co-product 

is ass-. 

From these cost  analyses, even without return on inveslmmt considera- 

t ions,  it can be seen that: 

(a) i f  no co-product is recovered, the  process is not canpetitive 

a t  current chlorine prices and 

(b) with product recovery, a t  current prices the process is uneconcanic 

i f  kaolin is used as the raw material. 

I f  a cheaper clay could be used a s  a raw material w i t h  conparable 

yields and co-product recovery, the  process is marginally viable. 

4.17.5 Conclusion 

Since complete product recovery and marketability along w i t h  the 

capabili ty t o  use the cheapest clay is necessary for  this process t o  be 

mrginal ly  econcanic, we a s s m  this process is less a t t r ac t ive  than those 

to  be studied in Section 6. 

131 
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Salt Kaolin Process - No Co-Product 

Materials 
Tons 

Cost/ton* ' Required. "!COW Cost 

S a l t  2.0 1.63 3.26 
Kaolin , 30.00 ( ~ ~ )  3.25 (dry basis) 97.50 
Oxygen or air 0 -- --- 
W a s t e  D i s p o s a l  Penalty** 3.00 4.08 12.24 

Total Materials Cost  $ll3.00 
' \ 

I?rnduct urlse/tmn --..,,. ,.,.., ..~,%,?.-. 9tnIs~rdmtr. 
. 

MWxlLt@ 

Chlorine $135 .OO 1.0 $135.00 

MatEriaLs and Waste D i s p o s a l  l13.00 
Energy (@$2.50/106 BTU) 2.60 final ca lc ina t ion  

( a s s d n g  minimal energy requimrmt) 2.0 8 initial ca lc ina t ion  

Total Elnerqr $ 4.68 

Labor @$6.00/hr $ 6.00 . 

Labor and Energy and Materials 
Overhead and Misc. a t  10% 
Taxes, Insurance at  2% 

Tbta l  Operating Cost  $138.52 

From above minimal oosts ,  process - loses $3.52 per ton o f  ch lo r ine  

provided -product is t r e a t e d  as a waste. 

* Pr i ce s  - Chem. Marie. Rep. Septerr33er 12, 1977 

** Could range f r m  $1-6 ~n depending on site. 

N o t e :  I n  costs, no f i gu re  of return on investxent  is listed - 
i f  this cost is added, process becames ever more u n e c o d c a l  



Table 14 

Materials 

Salt Kaolin Process  - Sodium Aluminate Co-Product 
- 

cos t / t on  . 'Tons Required T o t a l  Cos t  

Salt 2.00 1.63 3.26 . . 

Kaolin 30.00 3.25 ( d q  b a s i s )  97.50 . ,. 

q g e n  0 - - 
C a u s t i c  Soda ' 140.00 0.46 6 4,:40 

25.00 1.63 40.75 
' mste D i s p o s a l  Pena l ty  3 .OO 4.17 q .051 

T o t a l  Materials Cost  - - 

Products 
-- - 

Chlor ine  
Sod. A l u m i n a t e  

Total Revenue 

Operat ing Costs/Ton C12 

Pr ice / ton  Tons o f  Product  Reven- 

135.00 1.0 135.00 
10.00 2.32 162.40 

- - $297.40 

Materials and Waste Disposal Costs  

Energy (@ 2.50/106 B'IU) 2.60 F i n a l  Kaol in  S a l t  
Reactor  c a l c i n a t i o n  

2.08 Initial C a l c i n a t i o n s .  
11.35 W a t e r  Evaporation; dry- 

ing ,  etc. 
4.68 Line Reaction 

Labor @ 6.00 hr. 

Labor Energy and Mabrials 

Overhead, and Miscellaneous, 
a t  30% and fixed costs 

20.71 Total Energy Ccsts 

18.00 

265.13 

79.54 

Sub Total 

T o t a l  . .  

Note: In above c a l c u l a t i o n s ,  n o  cost was asses sed  for r e t u r n  on investment.  
Also, lowest product  grade was assumed. ltJo other a s s q t i o n s  made 
were: (1) Canple te  r e a c t i o n  of l ime w i t h  sodium a l u m i n o s i l i c a t e  and 
(2) Ccsnplete recovery o f  sodium aluminate.  

/ 



4.18 W o n t  High Temperature Si l ica  and Sa l t  Process 

4.18.1 Process Histoiry ' J  

This high temperature methcd for  preparing chlorine was invented by 

Wallace Ward of E . I .  W o n t  de N e m u r s  and Company. The process patent 

was granted on August 30, 1960. After the patent had been secured the 

project was terminated. The experience on this process was only laboratory 

work. No £urther experh ta t im has been reported. 
, 
4.18.2 Scientif ic  Basis 

The reaction mchanism for t h i s  process involv6s the carbination of 

sdim chloride (NaC1) and s i l i c a  (SiO2 ) , with sf l i m n  te t raf  luoride ( SiFr ) 

acting a s  a catalyst  to  fonn chlorine. The reaction occurs ih the presence 

of oxygen (02) and intense heat. Besides chlorine, the products - are s&um 

silicate (Na2Si03), an a lka l i  m e t a l  s i l i ca te ,  and unreacted oxygen. 

Separation by condensation of the  ca ta ly t ic  s i l icon tetrafluoride allows 

catalyst  recycle. The reaction is  a s  follows:. 
J102 . . 

NazSiO3 + C l n -  + SiF4 2NaC1 + Si02 + S*I+ + - .  . 
1,000-1,50O0C , . 

The p rFes s  t h e d y n a m i c s  show the reac t im is endothermic with a 

CIF for  the reaction equal t o  35.0 Kcal/mle a t  25OC. Process temperatures 

necessary for  the  conversim range from l,OOO°C to 1,500°C. The major 

discovery from this process is that silicon tetrafluoride is a highly 

active catalyst  for  chlorine p r epxa t lm  by tlienual i c e U ~ d s .  Process 

kinetics *re not provided in the patent. ' 2 8  

The actual mechanism for the process, .shown in Figure 30, requires a 

bed of s i l i c a  particles (in the form of sand) maintained above a m l t e n  

tank of sodium chloride. The high process temperatures cause not only the 

m l t e n  s ta te ,  but a lso  considerable vaporizatim. Silicon tetrafluoride 

and oxygen (ei ther  pure o r  in a i r )  are then passed through or  over the 

m l t e n  sodium chloride. This causes mixing w i t h  the vaporized campments 

of the  sodium chloride. The ent i re  mixture is then passed through the 

heated s i l i c a  bed. Upan completim of this reac t im,  the silicon tetra-  

fluoride i s  separated by condensation' and recycled'. 



Figure 30.  High Temperature Ch lor ine  Product ion  
Using S i l i c o n  Te t r a f l  uor i  de ' 
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The sodium s i l i ca te  by-product formed by the high temperature reaction 

is a viscous liquid. This liquid is retained in the ml t en  sodium chloride 

pool and due t o  density differences and the insolubility of the sodium 

chloride and the  sodium s i l i ca t e  in each other, easy separation of the 

by-product is achieved. 

One advantage of this process is its use of relatively inexpensive 

raw materials and the formatim of a valuable by-product. In addition t o  

the preferred sodium chloride as  a raw material, l i thium and potassium 

chloride are possible alternatives. The silica used in the process may also 

be in b t h  a pure or  a combined form. Small part icle sizes are usually 

used t o  provide the largest surface areas upon which react im can occur. 

1;rp-m cnnp?l e t i  on of a samp1.e laboratory e x p e r L 1 ~ t ,  the yield £ran 

this process was found t o  be between 0 and 48 percent chlorine with the 

average concentration of chlorine a t  28 percent. The reaction period was 

220 minutes. 

Three factors: (1) lw process yield, (2)  slw process rates, and 

(3)  high temperature and energy requi rmnts ,  make this rnethcd highly 

unsuitable for use. 



4.19 Israel i  Process for Chlorine from Magnesi% Chloride 
. . 

4.19.1 Process History 

The Israel i  process for  chlorine productim was originally designed 

t o  use the highly concentrated magnesium chloride brines present i n  the 

Dead Sea. ll-& procesS '&s devel6ped and patented by J. Kiperman and ' . . . 

never debeloped past the laboratory stage. ' 2 9  . . 

. . 
4.19.2 Scientific Basis 

., The process as  described in the Israeli-patent  uses,a diaphragm-type . . 
cell mdified by intrcduction of a membrane.prep+red fran asbestos, cloth. 

and plastic. During electrolysis,  the anode section contains a sodium 

chloride brine and the catholyte is a solution of magnesium chloride. As 

electrolysis proceeds, chlorine i s  liberated a t  the anode and magnesium 

hydroxide, fo& a t  the cathode, deposits as an insoluble precipitate 

in  the cathcde section. 'This material is periodically recovered by an 

unspecified mthod, washed and dried. Thennodynamic requiremnts for 

this process are the s m  a s  for the diaphragmcell. 

4.19.3 Engineering 

According t o  the I s rae l i  patent, operating conditions are as  described 

below. 

(1) The cathode compartrneslt contains a 26 percent solut im of 

magnesium chloride, w h l l e  the anode section contaus a sodium 

chloride brine of undisclosed concentratim. 

(2)  Elcctrolysic is conducted a t  a distmcc bctwccn the stccl 

cathcde and membrane of >15 rran t o  enable the large flakes of 

magnesium hydroxide formed t o  s e t t l e  t o  the bottom of the cell. 

(3) The author claims that high purity magnesium hydroxide can be 

produced using Dead Sea brine a s  the catholyte solut im i f  the 

260 g/l concentratim range is maintained. ' 
( A )  Operating temperature is specified as  45OC and an operating 

voltage drop of 2.8 volts is quoted. Cell current densities 

are quoted a t  <0.08 amps/m2 and a 95 percent current efficiency 

is c l a h d .  



4.19.4 Conclusion 

This process is merely a mcdification of the diaphragm c e l l  t o  enable 

a magnesium chloride brine t o  be used. Current densities used are low. 

A potential problem is continuous recovery of magnesium hydroxide from the 

cell during operation on a large scale. Also, the availability of high 

mgnesium chloride content brines is limited. Currently i n  the United States 

almost a l l  mgnesim oxide and hydroxide produced are obtained by chemical 

treatxent of seawater o r  natural brines. Due t o  the limited availability 

of magnesium chloride-based brines, the l o w  current densities used and 

developmt of the m r a n e  c e l l  which allows better canpartrent separation 

than t h i s  diaphraqm cell mcdification, t h i s  approach w i l l  not be considered 

in further discussions. 



4.20 Hydrogen Chloride-Based High Tenperatme Arc Process 

4.20.1 Process ~ i s t o r v  

In th i s  chlorine is produced by a high temperature reaction . . 
of hydrogen' chloride. The principal developer of t h i s  rrethod was Irwin' 

B. Margiloff of New~ork. H i s  patent work was performell for Halcon Inter- 

national, 1nc: , of Delaware. The original claim &s f i led on 

September 17, 1962 and granted on June 7,  1966.130 This process was not 

developed past the laboratory stage. 

4.20.2 Scientific Basis 

For the high temperature arc process, heat provided by a plasma 

generator is used t o  break dawn hydrogen chloride into chlorine and water. 

The plasma generator cracks water by means of an electr ical  arc. The 

resulting fragwnts (or p1asma)'are then a l l m d  t o  recombine, thereby 

generating the high process temperatures. The terqerature range for this 

reaction is 2,200°C t o  about 4,000°C. 

While the react im is progressing, oxygen'is introduced into  the system 

t o  combine with the hydrogen f r m  the hydrogen chloride t o  form water. 

The oxygen can have impurities, although any contaminants w i l l  increase 

power costs. Air may be substituted for oxygen. Besides using water for 

the plasmas, other suitable substances are argon and nitrogen. 

To optimize conversion, pressures range f r m  1.5 t o  7 atmospheres, 

but yields decrease outside this range. 

The products are cooled or quenched upon reaction. Water is preferable 

but other fluids, including hydrochloric acid, may be used. Quenching 

should be performed rapidly across the temperature interval between the 

reaction temperature ahd 300°C. Beyond this tenperat& normal cooling 

is performed. The chlorine product is  dried and liquefied. 

The process yield is about 45 percent a t  amspher ic  pressure. 

Increased pressure, hydrogen chloride recycling, and oxygen purification 

all increased yields somewhat; however, they remained below 75 percent. 



4.20.3 Conclusion 

This process is not acceptable for c ~ r c i a l  chlorine production 

because of low yields and extremely high temperature requirements. 

Inherent with high temperature requirements are high energy costs and 

high material costs. This process, though simple, is not economic. 



5.0 ENERGY ETICIENCIES OF CHLORINE PJANUFACTU'RI'NG PROCESSES 

5.1 l31ergy Requirements 

The energy requirement of a constant pressure chemical reaction is a . 

function'of enthalpies of raw materials, intermediates, products, co-products 

and by-prodlucts and entropy changes a t  various stages of the reaction. The 

t o t a l  energy required fo r  reaction is defined a s  the Gibbs f ree  energy. (AG) . 
The value is calculated by: 

AG = AH - TAS 

where 

AH = enthalpy change (or heat of react ion) ,  

T = temperature a t  reaction, 

AS = entropy change. 

For reactims in which a phase change does not occur the entropy term is 

usually qui te  small c q a r e d  t o  the enthalpy term and may be neglected a s  an 

i n i t i a l  approximation. Actual industr ial  conditions (especially with respect 

t o  kinet ics  and conversion) are usually not fu l ly  known and energy requirerents 

can m l y  be projected by heat of reaction and entropy change calculations using 

available thenncdynamic data. The si tuat ion is further  c q l i c a t e d  when the  

raw material needs pretreatment or  the product needs post-treatment, thus 

requiring an additional consumption of energy. The heat of reaction (AH) is 

calculated using the following formulas. 

(a) A H = X H pmcfucts - XH reactants 
(b) Relative change in AH between temperatures TI and T 

2 =J ~p a, where 
Cp is the heat capacity a t  constant pressure. 

The ac:'Lcal energy requirement of an electrochemical reaction is mre predict- 

able than a non-electmchemical reaction. The inefficiency of an electm- 

chemical reaction resu l t s  mostly from the o v e r p t e n t i a l  and the  current used 

in generating the  useless co-products and by-products. The e lec t r i ca l  energy 

(E) , consumption i n  an electrochemical process is given by 

. . . . E = (v) (1) (t) 

where a current ' i' flows f o r  a time 't ' through a potential  gradient of , 'v l .  



A conmnn pretreatment of raw material o r  post-treatment of product is 

the concentration of the solution entering or  leaving a reaction. A mininnrm 

energy r e q u i r m t  can be ccanputed as  reversible process mrk  (W min)  under 
isothermal jmnditions as: 

) dn 

n2 

t where P = vapor pressure of dissolved solute of m l a r  strength n 

In reali ty,  the process is less  than 10 percent eff icient;  this reflects  a 

high degree of irreversibil i ty and the non-ideal effect  of solute in the 

evaporation process, which cannot be ignored.  practical approach is to 

use the heat of solution data t o  calculate the energy requirements. mst 
data available in the l i terature are for binary solbtions. However, a 

pseudobinary approxht ion  for a ternary system having a small amunt of a 

third component is found t o  be quite satisfactory. 

The following assumptions are  made with respect to recovery and waste 

o$ heat. 

a. Low grade heat produced by an exothermic reaction cannot be re- 

covered. 

b. High grade heat produced by a high temperature reaction (aboiit 

1,500°C) can be recovered t o  a maximum extent'ofi 25 percent, 

by using a regenerati.ve o r  a recuperative principle of  heat 

economy. 

c. The efficiency of a steam boiler is 80 percent. 

d. The foss i l  fuei equivalent of electr ical  ehergy is 3 t i m e s  the 

m u n t  of electr ical  energy delivered t o  the chlorine process. 

The energy requirmt as  determined frm the abwe considerations does 

not necessarily ref lect  the energy-intensity of a process. A more general- 

ized net  energy balance tht includes energy consumed in producing a raw 

~ m t e r i a l ,  or energy saved by generatian of a co-product is m e  appropriate. 

Thus, the energy input t o  a raw mterial o r  saved by generating a marketable 

by-prcduct w i l l  change the averall intensity. The energy requirerent for 



pcducing a material was taken directly fran l i terature sources or was calcu- 

lated fran the heat of canbustion data. 

5.2 Ehergy Analysis 

In Table 15, net foss i l  fuel  energy requiranents are sham for the basic 

chlorine prduction processes presented i n  Section 4. For each process, the 

energy requirement per kkg of chlorine is projected f r m  the Gibbs free energy 

calculatim or is obtained fran actual operating data. 

5.2.1 Electrolytic Processes 

m e r q  consumption in  an electrolytic process is predchninantly 

electrical.  However, foss i l  fuel energy is assumed for generatian of steam. 

5.2.1.1 Mercury, Diaphray~n and Membrane Cells 

The energy requirements for the mercury, diaphragm'and membrane cel ls  

are quite similar. The values presented in Table 15 are close t o  s o p  of 

the values already reported in the l i terature.  Any large variations from re- 

ported values are presumably due t o  the actual experimental conditions. For - 
example, the diaphragm ce l l s  used by .the B w  Chemical Company are reported to 

have higher energy efficiency than those used by others. The energy-consqtion 

and the enerqy efficiency of the electr ical  process in the mercury ce l l  is 

higher than those in the diaphragm and the membrane cell. The to t a l  energy 

requirements in the menhrane processi~re slightly lower than that i n  the diaphragm 

and the mercury processes. Unlike the diaphragm and the mercuxy processes, the 

nembrane pmcess does not involve any additional step for production of comercia1 

grade sodium hydroxide. This additional step in the diaphragm process involves 

an additional c o n s ~ t i o n  of energy. The heat generated in the additional step 

in the mercury process cannot be recovered, thus indirectly reducing the energy 

efficiency of the to ta l  process. Hydrogen obtained in a l l  three processes par- 

t i a l l y  contributes t o  energy conservation. 

The energy use is high and a large contribution comes -from the steam 

generation step and the brine purification step.. 



TMLE 1 5 .  ENERGY REQUIREMENTS FOR THE BASIC CHLORINE PF.ODUCTION PROCESSES 

. 
lb 

Met enerqy 
mnslmption 
( jou les  p e r  k~ kllwk5 
o f  product)  

I 

12.7 x l o 9  1.3- -, "Urc2nt t e h o l o g y .  

12.8 x lo9 1'- case, current tecimology. 
i 

hergy 

Sec t ion  
m r  

4.0 

4.0 

4.1 

4.2 

4.3 

4.4 
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12.5 x 10' 

24.0 x lo9 

110.0 x l o 9  

a 

f 

Oxidation 

requir-ts 

P rocess  

E l e c t m l y t i c  

k r c u r y  C e l l  

E l e c t m l y t i c  

Diaphragm cell 

E l e c t r o l y e i c  

t4nbrane c e l l  

8-al-a 

W r a n e  

3cwnS Cell: 

S h e l l  HC1 14.3 x 10' h e r g y  pena l ty  r e f l e c t s  product icn 

presented were 

Useful 
cc-p&>cts 
o r  - 
by-prodo& 

Wi, 

Hz 

NaOH, 

k 

NaOli, 

H2 

Naol1, . 
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NJ. 

Nme 
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requ i red  
~ e r  o f  
c h l o r i n e  
( j o u l e s )  

34.1 x. lo9 

34.2 x l o 9  

33.9 x LO' 

45.4 x lo9 

181.3 x l o 9  

0.6 lo9  l -  I of HC1 v i a  Hargreaws  o r  Elannheim 
Broess,  no pena l ty  s b u l d  be taken 

! i f  .mte HU is used. (See S e c t i m  1 b: 3) .  
I 
I 

I 

i I I 

a1ergY 
c r e d i t s  
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t im o f  use- 
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1 i 1 
obtained ern chlorine manufaccxers  ar the l i t e r a t u r e ,  r a t h e r  than ca1culat.d irm w y r t a m i c  infarmaticn.  

Energy ~ n a l t i e s  
f o r  p ~ ~ c l u c t i o n  
o f  rdv? mterials 
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Nne 

N3ne 
I 

I 
I . 

!None . 

21.4 x l o 9  
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li 
, 13 .7  l o 3  



Section I Useful 
c ~ p r o d u c t s  
or 
by-products 

Energy 
~ q L i r e d  
per  kkg of  
chlccine 
( joc les )  

P r o ~ e s s  

Cata ly t ic  , 
Oxidatim of 
HCl using 
vzos 

Gl-ollor 

Cata ly t ic  
Elec t ro lys i s  
o f  HC1 

Direct 
E lec t ro lys i s  
o f  H U  

! 
, 

I 

TABLE 1 5 .  ( C o n t i n u e d )  

'~urr&rr 

4.5 

4.6 

4.7 

4.8 

Energy Energy pena l t ies  &t eneryy 
c r e d i t s  f o r  production 
f o r  ~ r u d u c -  of  raw mi te r ia l s  
t i o n  of  use- 

( jou les  per  kkg 
(joulesAdta ) I -- of ~ d u c t ,  

f u l  co-products I - I - - ---I I 

Energy penalty r e f l e c t s  pro&ction 
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i f  waste HC1 is wed. (See Section 
6.3). 

*Ehergy penalty r e f l e c t s  production 
of  HC1 v i a  Hargreaes  o r  hnnheim 
P-ss, no penalty should be taken 
i f  waste HC1 is used. (See Section 
6.3). 

i h e q y  penalty r e f l e c t s  production 
of  HC1 v i a  Hargreaves o r  MaMhein 
P-ss, no penalty should be taken 
i f  waste HC1 is used. (See Section 
6.3): 

*Fnergy penalty r e f l e c t s  production 
of  HC1 v i a  Hargreaves o r  hnnheim 
P-ss, no penalty should be taken 
i f  waste HC1 is used. (See Section 
6.3). 



TABLE 15. (Con t inued)  
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TABLE 15 .  (Cont inued)  

I Section 
N u w k r  

l 

I 

Useful 
Process co-products 

o r  
? by-products 

4.14 

4.15 

4.16 

4.17 

4.18 

B~ergy 
required 
per Mg of 
chlorine 
(joules) 
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Ehercjy 
credi ts  
fo r  p-roduc- 
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fu l  co-products 
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Sa l t  & lN03 
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(DuPont) 
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(joules/kkg) 

M t  energy - 
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(joules per kkg 
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! 
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None 

Na2Si0, 

30 x lo9 

16.5 x lo9 
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16.5 lo9  
( for  NHs) 

Mme 

%me 

Remarks 

30.6 x lo9  

17 lo9 

18.5 l o 9  

8.4 x lo9 

0.6 lo9 I -  For peroxide production energy needs 
see F. A. I i xenk im  & M. Wran, 
Industrial  Chemicals, John Wiley L 
Sons, N.Y., 1975, w. 487-495. 

I 
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Assums no heat losses i n  process. 
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1.: l o 9  
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m t s .  

0.8 lo9 
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8.1 x l o 9  

12.3 x l o 9  

None 

4.7 l o 9  
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5.2.1.3 Downs' Cell 

The operating voltage is the highest m n g  e l ed ro ly t i c  processes for 

manufacturing chlorine,.. This fact  coupled with the requirment for  mintdining 

the ce l l  a t  high temperature makes the process energy inefficient. 

5.2.1.4 Elektrolysis of Hydrogen Chloride 

The electrochemical energy requiresnent in  catalytic processes is 

slightly lower than the di rect  electrolytic process. However, because of the 

operating advantages of the direct  process, such as  no regeneratian requirements 

and.ease o f , a u t m t i o n ,  this process is preferable t o  catalytic processes; 

5.2. I. 5 Israel i  Process fran Magnesium Chloride 
. .. 

The appears l ess  energy-intensive; however, najor problem 

l ike  scarcity of raw materials and operating disadvantages must be solved for 

cc~nmercial adaptability of the process. (See Sectim 4.19.3.) 
. . 

5.2.2 Non-electblytic Processes 

. . .  a Energy'consumption in  a non-electrolytic process is r&nly i n  the 

form of steam 0" direct  heat from foss i l  fuel combustion, aithough an amunt 
. . 

of ei&dtrici ty i& nee&& for iunning'pkocess accessories. 
, .  . . . . . 

. . .. 5:2;2.'1, Oxidation of Hydrogen Chloride 

Shell Hydrogen Chloride Oxidation and Kel-Chlor . . 

. Both. prbcesses have-a low energy r q u i r a n t ,  i f  w a s t e  HC1 is avail- 

able, and have other advantages which make them cammercially oompetitive . 
. . 

_., . . . Catalytic Oxidation of Hydrogen Chloride- Using Vanadium 

Pentoxide 
Catalyst costs are  high, the process is inefficient,  and the energy 

consumption might be much higher than the theoretical value shown i n  the table.. 

because. of process b e f f  iciencies . . 

Hydrogen Chloride .and ~ u l : E k  Trioxide Process 

Although there is an advantage wi th . r e spc t  ~ yield and operation, 

the energy corlsurrptiun is high compared to other HCl processes as reflected 

in the table. 



Hydrogen mloride and Hydrogen Peroxide Process 

The process energy r e q u i m t  is n i l ;  but based on the material oost, me 

wuld  prefer t o  run the process backwards i .e . ,  to produc? expensive hydroqen 

chloride and hydrogen peroxide start ing from ~ 3 . a t i v e l y  cheap chlorine. 

High Temperature Arc Process 

Because of high temperature requirements, the actual energy con- 

sumption must be higher than the theoretical value by several orders of 

magnitude. However, t h i s  increase cannot be estimated without knwledge of 

heat losses t o  the environment. Based on engineering judgment, w e  estinlate 

tha t  the energy efficiency of this process is only one t o  three percent. 

5.2.2.2 Oxidation of Alkali Metal Chloride . -. - -- 
I C I  Amrmnium Nitrate Process, Vicksburg Process, Sal t  and 

Nitr ic .-.". ...- Acid Process 

A l l  three processes are  similar and their  energy consumption is low 

exclusive of the penalty imposed for using a m i a  as a raw material 

i n  the ICI and Vicksburg processes. Further, the production of valuable by- 

products, m n i u m  ni t ra te  in the I C I  process, and potassium nitrate i n  the 

Vicksburg process, reduce the energy cunsurptior.1 uri a .LoLal valuable product 

basis. 

Clxjdati-nrr of Ferric: Chloride - Salt coanplex, Sdlt  and 

Sulfur Trioxide process 

Operational problem and possible high energy requirements make 

both processes m m r c i a l l y  unaceptable . 
, . ' . 

Sal t  and Clay process 

The process is marginal from the viewpoint of energy c o n s q t i o n  

and operational costs. 

Si l ica  and Sal t  process 

The theoretically projected value for energy requirements might he 

misleading, as the conversion is believed t o  be law. 

5.2.2.3 Oxidation of Iron Chloride 

The only process k n m  is the Metaizeau process o r  its modifications. 



. ' ~ e t i i z e a u  process . . 

A theoretical projection for  energy requirements' has not been made 

since a mltiplicity'of~reactions with u n k h  equilibrium conversions are 

involved. The actual energy requiremht is believed to be high. 

- 5.3 . Crit ical  Review 

Based ai ' the above analysis, three electrolytic processes and four nm- 

electrolytic processes m e r i t  attention. These are r e v i e d ' a s  follows: 

5 . 3 1  ~ i e c t r o l . ~ t i c '  - process 

The,*min advantage of 'the mercury ce l l  is the. high efficiency of . 

the electrolytic process; the main disadvantage is the use of large amounts 

of electr ical  energy. R&D work is needed to recover some of the energy lo s t  

during the hydrolysis of sodium armlgarn. The energy los t  during the l a t t e r  

process could be considered equivalent to  the energy l o s t  in short-circuiting 

an electrochemical ce l l .  

5.3.1.2 M&ran(~ Cell 

The mesnbram cell has the potential of replacing the diaphragm cell 

because of l omr  energy c o n s q t i o n  and process simplicity. New nmbranes and 

electrodes for the c e l l  are  developing a t  such a ra te  t ha t  the,values presented 

m y  be obsolete within a few years. 

5.3.1.3 I s rae l i  Pmcess form Magnesium Chloride 

The process looks lucrative f r o m  an energy point uL view. The 

questions and answers related t~ raw materials andoperations are  the deciding 

factors for commercial implementation of the process. 

5.3.2.1 Shell Hydrogen Chloride process, Kel-Chlor process 

Both processes are m n g  the least energy-intmive uf .Ule pIOCe3seG 

studied. Further, there is a scbstantial return on investment with both pro- 

cesses which makes t h e m  economically attractive. 



5.3.2.2 I C I  A r m i u m  Kitrate process, Vicksburg process 

The energy r e q u i r k t s  shown in the table re f lec t  no credits  or 

penalties for  use of ammania or  n i t r i c  acid, since the same m u n t  of these 

r a w  materials would be required t o  produce anananium nitrate.  The energy 

penalty of 4.4 x 10' joules/metric ton of raw material is attributable t o  

energy use i n  the Solvay process for  prduction of armmnium chloride. The 

credi t  is for  production of soda ash equal t o  the energy requirements t o  

mine and refine the natural t r m a  ore. These debits and.credits  are assessed 

because the Solvay process operation would be an integral  part  of raw 

material availability. Eherqy requirements were. e s t i m . a t d  £ran A. S . 
R o I E I T S O ~ ,  ~ l l i e d  Chemical ~oxporatinn, "Alkali and Chlahe P r o d ~ c t i a n ~ ~ ,  

~ i r k - ~ t h r r e r  Ehcyclopedia of Chlorine Technology, 3rd Fd i t im,  J ~ h n  W i 1 . e ~  
& Sons, 1978, pp. 866-883. 



6.0 SELECTION AND F'UKIHER STUDY OF PFOMISING PIDCESSES 

6.1 U s e  of Selection Cr i te r ia  i n  Determining Processes for  Wre 
Extensive Studv 

For any new chlorine generating process t o  enjoy widespread application, 

four c r i t e r i a  must be sat isf ied.  These c r i t e r i a ,  which involve technical, 

energy, e n v i r o m n t a l  and ins t i tu t ional  factors, are: 

the required process raw rraaterials must be 'readily available irl  

signi.ficant quantit ies (i. e. , supply 5 percent o r  mre of U.S. chlorine 

demand) . 
the products of the process must be salable. Co-products which a re  

non-marketable impose considerable waste treatment o r  disposal costs 

on the operations and probably have major environmental effects .  

o energy requirements fo r  the process should be no greater than those 

incurred with current technology using e i ther  the mercury o r  diaphragm 

cell processes. 

a overall  process econmics should canpare favorably with ,currently 

used technology. These economics are considerably .affected by the  

process state-of-development, since RD&D costs  and time should be 

charged against processes tha t  are not pres&tly comqercial. 

In a p l y i n g  these c r i t e r i a  t o  the d i f ferent  chlorine generating processes, 

the v iabi l i ty  of each process becomes apparent. This re la t ive  v iab i l i ty  is ~hown 

i n  Tab l e  16 and. is d.i.skussed below. 

Raw Material Criterion 

For any process t o  be adopted fo r  large scdle chlorine production, raw 

material reserves o r  production must met projected demands. Since 

present U.S. chlorine production is ahout 9 x lo6 metric tons/year, raw 

material (s) production f o r  a new large scale process must be a t  l e a s t  t h a t  

order of magnitude t o  have a s ignif icant  impact on chlorine production energy 

usage. For processes based'on widely available sodium chloride, this cr i te r ion  

is easi ly complied with. For processes based on iron o r  m n i u m  chlorides, 

however, t h i s  c r i te r ion  highlights a major weahess in the capabili ty of the 

process t o  reduce energy usage by the chlorine industry significantly.  

Presently, the U.S. supply of iron chloride corns as, a by-product of e i the r  



CHLORINE PRODUCTION PROCESS 

T.IBLE 16. 

CRITERIA MA-RlX F3R 3HLORINE PRODUCTION PROCESSES 
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steel pickling or productim of titanium dioxide v ia  the  chloride process. 

Total quanti t ies  generated f ran  both sources are only on the order of 

200,000 metric tons/year. This represents a chlorine production equivalent 

of less than two percent of t o t a l  annual production. Arranonium chloride is 

recovered a s  a by-product of the Solvay process soda ash productim. The 

Solvay process is used a t  only me U.S. site, limiting the artlount of 

arturanium chloride which can be generated t o  500,000-700,000 metric tms/year. 

This a l so  represents a chlorine prcduction equivalent of about f ive  percent 

of t o t a l  annual production. Other c m  chlorine sources, such a s  concen- 

t ra ted  hydrogen chloride and potassium chloride, are readily available i n  

certain local  areas and cauld provide a significant amount of chlorine raw 

material. 

Product Salabi l i ty  

Pmduct marketability can significantly influence wide scale applica- 

tion of certain processes. Co-products such a s  caustic soda o r  hydrogen 

could be marketed in millions of tons per year quantit ies.  However, other 

proposed co-products such a s  mgnesh and sodium metals, sodium n i t r a t e ,  

sodium alumhosi l icate  and calcium s i l i c a t e  presently have limited markets. 

For sodium metal, fo r  exanple, the available market is saturated by the 
' 

output of f ive  operating '~cwns ' cell piants .. ~ i m i l a r l y ,  m e n t  mgnekium 

needs a re  being met by presently operating e lec t ro ly t ic  plants. For sodium 

n i t r a t e ,  no rnarkets e x i s t  although some f e r t i l i z e r  and fireworks mmufacturers 

use sodium n i t r a t e  a s  a raw material. In  fac t ,  one plant  generating chlorine 
with sodium n i t r a t e  a s  a co-product was closed about a dozen years ago due t o  the 

lack of a sodium n i t r a t e  market. Materials such as sodium aluminosilicate or 

calcium s i l i c a t e  have limited markets a t  best. There is some hope tha t  the  

al,-osiGcate . . . . "&cjht . . . . . ' be" . further processed t o  recover- a l ~ n a .  N o  marketable 

m-product appears to exist f o r  a calcium s i l i c a t e  m-pmduct. 

Energy Requirements 

Process energy needs and eff iciencies  w i l l  further r e s t r i c t  the  number 

of processes competitive with current technology. Proposed schernes which 

have high energy requirements such as high t a p e r a t w e  processes may not be 

feasible,  part icular ly i f  good yields have not been obtained under such 



conditions. This consideration all- rejectim £ran M e r  consideration 

of processes which ccsnpare unfavorably from an energy-consunptim standpoint 

with current technology (see Sectim 5) .  These are: 

(a) generation of chlorine by the reactionof s a l t  and s i l i ca  i n  the 

presence of s i l i m n  tetrafluoride at.temperatures of 1,000-1,500°C. Poor yiel2s 

have been obtained fm this propcsed scheme. 

(b) generation of chlorine by the reaction of gy@sum, s a l t  and 

oxygen a t  1,200°C. Yields are  low, energy rqu i r emnt s  are high and 

the co-product, calcium s i l ica te ,  has a limited, i f  any, markgt. 

(c) a ~imilar argument. ccvl a l s  I;e made for U ~ t l  F L U I ~ I  kdulhi prncess, 
where long residence &s at.over l,OOO°C are required to obtain only 

80 percent yields. Also, product, sodium a l ~ ~ o s i l i c a t e ,  may have 

m k e t a b i l  i t y  problems, although further verification i s  needed. 

(d) high energy requirenents and low yields allow rejection of a 

process based on high temperature (1,200°C) oxidation of magnesium chloride 

t o  chlorine and magnesia. 

(el a number of older processes involving axidation of hydrogen 

chloride can similarly be dismissed based on poor yields (energy: production 

ratio) . These i ncl  II* r 

(1) the old Deacon p r w s s  and c e r t a i n  p r e d ~ r ~ s s n r  p~cesses: a l l  

b a e d  on the oxi da t inn  of h y b p n  &lor.id~ n w r  imn  o r  q p r  

chloride impregnated solid catalysts. 

(2) a German and British mdification of the Deacon process which 
4 

replaced the halide catalysts with a vanadia-based catalytic 

syskm. Reported yields were lm ( ~ 5 0  percent). 

(3)  various hyckcqen &loride electrolytic typ processes which include 

the Westvaco prooess, bmcd on the eleetr-alysis of cupric chluri* 
m11kininy hydru&lorLc acid s o l u t i o ~ ~ s ,  d South African process 

using mganous chloride containing hydrochloric acid solutions, 

and the Shroeder process, where hydrogen chloride is f i r s t  reacted 

w i t h  nickel to y i e l d  nickel cfiloride i n  solution and hyd~qen .  

Electrolysis of th is  solution then remvers the nickel and generates 

the d l o r i n e  product. A l l  three processes have low conversion 

efficiency or  scale-up and automation dif f icul t ies  . 



Research, Development and Demonstration (RD&D) EcmcKnics 

Ecmcanics are influenced by the process s ta te  of development. Research, 

developnent and demnstrat im act ivi t ies  w i l l  be charged t o  a production 

technique and c~npared t o  energy savings provided by the process. I f  the 

present value of energy savings is less than RD&D charges, further develop- 

mt of the process is  not warranted. In addition, RD&D effor ts  take con- 

siderable time, delaying introduction of cmrc ia l ly -ava i lab le  units that  

would reduce energy consumption. Conversely, processes presently c m r -  

c ia l ly  available can have an i rmdia te  impact on energy use in the chlor- 

a lkal i  industry. No processes, however, w i l l  be rejected solely because they 

have not progressed past laboratory scale. 

A detailed econmic trea&t for each of the processes which could not 

be rejected based on the f i r s t  three considerations w i l l  be needed to deter- 

mime which additional s c h e s  can be dismissed on economic grounds alone. 

Table 16 suMnarized hm each of the twenty basic processes anpares tp 
the four cr i ter ia .  ,A n m r i c a l  rating system was used to rank the processes 

based on 4 pints for a favorable &warison with a criterion, 2 p i n t s  for  

an acceptable condition relat ive t o  a cri terion and. 0 pints for an unfavor- 

able characteristic.  The results  [ire shorn in the l a s t  m l m  of Table 16. 

When the rankings were combined with an elimination system for  processes - .  

which cannot produce significant m u n t s  of chlorine, have energy requirements 

greater than current technology, o r  produce unacceptable solid waste stream; , 
the processes which warrant further investigation w e r e  revealed. These 

processes are  the memhrane ce l l  (with and without hydrogen or oxygen electrodes), 

the 3 1 ~ 1 1  puxess, El-Chlor, Mobay (direct  hydrogk 'd.lbri& eleciXDlysis) , and . .. . . 

the m i u r n  chloride/nitrogen dioxide 1m.teqperature process. 

6.2 Membrane C e l l  

6.2.1 Introduction 

The mst promising area described in  Section 4 is the development 

of the rnmkane ce l l  with or  without the additional modifications, such as. 

a catalytic hydrogen o r  oxygen . . cathode. ' I n  th is  section we sha l l  consider these 

three options and their econcrnics. 

," 



6.2.2 Econcdc Consideratims 

The la tes t  published costs for the mmbrane cell ccgnpared with the 

diaphragm and mercury cell processes are those released by Asahi Chemical 

Carpany in 1977. These are l i s ted in Table 17, along with additional pro- 

jected costs for the  membrane cell using ei ther a catalytic hydrogen or 

oxygen cathode. Costs for the mmbrane cell alone are currently ccmptj-tive 

with present technology. U s e  of e i ther  an improved hydrogen evolutim 

elec-e (saving about 0.3 volts) or  an oxygen cathode ( saving about 0.8 

volts) would provide considerable savinqs. In these cost estimates, the 

salt costs used were those for pre-purified evaporated sa l t .  Most U.S. pro- 

ducers currently employ brine as  the raw material and then pre-purify this 

material an-site. This lowers 'the costs t o  a b u t  the same level. Additimal 

costs of $3.00 per ton were added for licensing fees or additianal fixed 

charges for the  capital  costs for the improved hydrogen evolution electrodes 

ar acygen cathdes .  

Even with added costs for  improved electrodes, improved versions of the 

merrbrane c e l l  using e i ther  a superior hydrogen evolution electrode or an oxygen 

cathode could further lmer production aosts. Even i f  the fuel value of the 

hydrogen is considered, these results  shm that  the oxygen cathode is worthy 

of serious development. 

Of all the processes investigated in  th is  study, the membrane ce l l  

offers the greatest potential for  an energy eff ic ient  process which can be 

developed within a short t i m e  £ram. Further improvements in this  sd~erne ,  

such as the hydrogen generatim or oxygen reduction electrodes, can be added 

t o  the.  systerm without the need far  ecknsive process redesign. In the hydrogen 
evolution cathode area, som of these inprovemen.& could rapidly be ad~ieved 

by coating the electrodes with films. of noble ktals, cobalt or  nickel. This 

would considerably lower., the hydrogen evolution avervoltages by 0.2-0.3 volts 

without the need for extensive electrode system redesign. Beyond this, even 
further improvements can be envisioned. For example, the use of an activated 
palladiuni hydrogen diffusion electrode would eliminate. most of the remaining 

hydrogen evolution overvoltage and a t  the same time a l l m  for direct  genera- 



Table 17 

03St of Raw Malaterials a ~ d  Utilities of &&rane Cell, Mercury Cell and Diaphragm Cell 
[Cost ,per Ketric tan (wtm) NaCH (100%) and 0.89 mtric ton C12; Japanese base December 19761 

Walued at 3.00/106 BTU of fuel value 



t ion of a t d c a l l y  pure hydrogen in  the cell. The hydrogen so produced and 

purified by d i f fus im through palladium or  a palladium-rich alloy would 
I 

contain no entrained salt or caustic. The danger of hydrogen and chlorine 

mixing i n  the ce l l s  would be c ~ l e t e l y  eliminated. Hydrogen dif fus im 

electrodes have already been developed for use i n  the alkaline fuel cell 

area. 

I f  an oxygen cathode is used in place of the hydrogen evolution electrode, 

further developments are also possible. &cent studies of materials such as  

lanthanum cobalt,oxide-type perovskite materials indicate that it may be 

possible t o  develop relatively inexpensive oxygen cathodes, which do not 

employ noble metals and increase the voltage savings up t o  1.0 volts. 2 

In sumwry, of a l l  the alternative processes studied, the membrane cell 

and its possible d i f i c a t i o n s  offer  the greatest prcanise for development of 

a more energy efficient  chlor-alkali process suitable for general use. Further 

reductions in energy usage are possible and should be encouraged. N o t e  that 

the improved electrcde technologies are applicable t o  the diaphragm c e l l  as  

w e l l .  

6.2.4 G t h e r  Assessment Needs 

A t  t h i s  stage, a need has developed for a comparative assessment of 

the benefits of several of the proposed electrode improvement schemes described 

above. Specificalfy, it m y  now bc in ordea; ,to prism a mst-benefit ana1ys.l s 

of the following three specific schems: 

(a) The membrane cell with a nickel, cobalt or  noble rnetal coated hydrogen 

evolution electrode saving 0.2 t o  0.3 volts. 

(b) The membrane cell with a palladium based hydrogen diffusion 

electrode saving ,% 0.4 volts, and 

(c) The d r a n e  c e l l  with an oxygen cathode, o t  the lanthanum cobalt 

oxide type saving 0.8 volts, but requiring oxyben and not generating hydrogen. 

Factors such as  electrode fabrication costs, anticipated replacement rates 

and detailed operating characteristics need to be studied and the overall 

economc benefits of each of the  above approaches then need to be ourrpdrd. 

Sufficient informtion on a l l  three approaches should be available from a 

combination of chlor-alkali industry infomation and past f w l  ce l l  program 

data t o  mke a meaningful analysis. 



6.3 Processes Based on Hydrogen Chloride 

The several hydrogen chloride-based processes chosen £ran Table 16 were 

previously presented as economically marginal because of the limited supply of 

hydrogen chloride as a raw material. In th is  section, the overall econmics of 

generating hydmgen chloride from s a l t  (NlaC1) via the Haryreaves and Mannheim 

processes w i l l  be studied for subsequent addition t o  hydrogen chloridebased 

processes. The i n i t i a l  discussion w i l l  present the overall economics of 

these hydrogen chloride production processes. The results of the eoonomic 

study w i l l  then be applied to the two mt advanced hydrogen chloride processes - 
Kel-Chlor and the electrolytic. llh& (Mcbay ) Process. 

6.3.1 Conversion of Sal t  to Hydrogen Chloride 

Sal t  (NaC1) is converted m m r c i a l l y  to hydrogen chloride by e i ther  the 

Hargreaves o r  Mannheim processes. In the Hargreaves pmcess s a l t ,  sulfur 

dioxide, oxygen and water are reacted a t  about 850°C to yield hydrogen chloride 

and an impure sodium sulfate m-product. The Mannheim process is similar, except 

sulfuric acid is used i n  place of the sulfur dioxide, oxygen and water. The 

energy requirerrrents for  the two proesses are h u t  Irl~e same. The overall 

process chemistry for  each process is: 

(a) Hargreaves 
2NaC1 + SO2 + n20 -1- 1/2 O 2  -f 2 HC1 + Ha2S04 

(b) Mannheim 
2 NaCl + H 2 S 0 4  -t 2 HC1 + Na2334 

Table 18 presents the overall economics for the Mannheim Prooess . No 

energy costs were assured for  cleanup of the sodim sulfate pro&& generated. 

In both proccgacc, the solids p rod~~c t  yi el d i s 94 peroent sodium sulfate, 3 

p e r e n t  sodium chloride and 3 percent sodium bisulfate. For mst purposes, 

such a p r d m t  n o m l l y  m l d  require upgrading by xec~ysta l l iza t ian frw 
solution. This would add an additional 2 x l o 6  BTU/tm of product t o  the 

energy requirenrants. It can be seen that  these processes are uneconcanical 

for use except in fu l ly  depreciated f ac i l i t i e s  under special circumstances. 

H a e v e r ,  C l k  Chemical Ccrmpany has recently dweloped a fluidized bed 

roaster wkich significantly reduces the energy requirements. 

Accarding t o  the U.S. Bureau of the Census, there are presently three 



TABLE 18 Eooncgnics For me ~ a n n t ~ e i m  Process r 

Raw Materials Tons RPquired/tons Na2S04 

Sulfur ic  acid 0.75 

Salt 0.835 

Sodium Sulfate  1 

HC1 (31% aqueous solution) 1.575 

Price Per Tbn Cbs t - 
$ 47 $ . 3 5 . 2 5 . "  ' 

10. OO* 8.35 

Value/ton Total Value 

Raw Material Costs/ton Na2S04 $ 43.60 

Subtotal  $ 82.60 

Total Operating and Maintenance 
Expenses 10.00 

Return o f  investment and interest 10.00 

EnvimM&ntal Costs t 19.60 

Subtotal . $ 122.20 

-edits f o r  Products Sold 110.30 

Defici t  

. .' 

* Note $10 was 'taken as salt cost instead of the  presently q-wted $21.00 
per ton assuming the  f a c i l i t y  had its own brine wells as a'source of 
reasonably pure salt.. 

I 

+ 
Assuming' high' grade 'material ,  lower grades discaunted to as law as $46 
per ton. 

** Pr ice  q u o t a  f o r  31' per&nt a q ~ ~ u i  HC1. 

t For remwal o f  SO2 arid SO3 f rnm process vent gases and f o r  neutral- 
i za t ion  of ac id ic  process washwaters p r io r  to.discharge. H e r e ,  0.14 tons 
of 50 percent NaOH @ $140.00 per ton is required f o r  neutral izat ion 
purposes. I f  Na2S04 i t s e l f  must be disposed of costs w i l l  be $6 
p e r  ton higher. 

16 2 



active Hargreaves o r  Mannhe* plants in the Lhited States. The status of 

these is shown in Table 19. 

TABLE 19. Listing of Hargreaves and Mannheim Process Facil i t ies 
in  the United States. 

Plant Process 

Pbrton Sal t  Haryreaves 
Weeks Island, . 

muisana 

Capacity 
HCl (tans) - Year Status 

68,000 1950 Fully depreciated 

Climax Chemicals 
I%xmment, Mannheim 54,000 1946 Fully depreciated 
New Mexico 

Hercules, Inc. 
Hopewell, Mannheim 7,000 1945 Fully depreciated 
Virginia 

Two of the existing f ac i l i t i e s  are in isolated areas, close t o  cheap 

sources of s a l t ,  and need hydrochloric acid which is not locally available. 

A l l  of three f ac i l i t i e s  are also adjacent t o  sulfuric acid plants or  Frasch 

sulfur oprat ions ,  providing a cheap source of sulfuric acid or sulfur dioxide. 

According W the U.S. Bureau of the Census, in 1976, the t o t a l  U.S. capac- 

i t y  for  sodium sulfate (all grades) was 1 , 4  86,000 TPY. * Production, 

hawever, was only 1,232,000 TPY o r  82 percent of capacity. The Hargreaves and 

Mannheim processes, however, produced only 133,221 tons .of sodium sulfate 

versus potential capacity of 185,000 TPY. This is 72 p e r e n t  of capaciw, and 

is evidence that  the three plants m q  not be able to dispose of all of the 

sodium .sulfate. 

Sodium sulfate, as was discussed i n  section 4, is generated as a co- 

product from a wide variety of &emical processes. Much sodium sulfate is 

also generated by processing natural brines i n  West Texas, Utah and California. 

In addition, other natural sourc8s are I m m  i n  a nvl~ber of western states whi& 

are currently not exploited due to a lack of markets. Thus, it can easily be 

understood that  a current expansion in production of l o w  grade sodium sulfate 

would rapidly lead to a situation where the produced material (particularly a t  



lner  grades) would be disposed of as a waste. F m  Table 18, i f  disposal c.f 
sodium sulfate is required, then the manufacture of hydrogen &loride.via 

these processes becaroes total ly unecondcal  since the value of the hydrogen 

chloride generated cannot carpensate for raw material and energy costs. In 

summary, a large scale use of the Hargreaves o r  Mannheim Processes for generation 

of hydrogen chloride as  a raw material for chlorine production is not likely 

t o  occur fo r  emnomic reasons. 

6.3.2 Hydrogen Chloride' Conversion Processes 

Section 4 results showd that  only -two hydrogen chloride-based 

processes have en joyed bry lived comrc ia l .  II-EE. These are the Kel-Chlor and 

Uhde P.mmsses. This section presents further emnomic information on these 

processes. 

For Kel-Chlor, the cost data are provided in Table 20. 

.Converting p e r  and thermal energy requi.rements lm a commn basis, 

Table 20 provides an equivalent electr ical  energy need of 118 KWH per ton of 

chlorine produced. 

6.3.2.2 Uhde Prooess Economics 

For the uhde (Wlmy) Process the  cost data are provi&d h~ Table 21, 

6 . 1 . 2 . 3  ~%~lltanic m p a r d  snri of mi& and Kcl-Qllor Processes .. -- ---. --- 

Canparison of the. cost data h Tables '20 and '21 s b w s  that the 

energy requirements are much l m e r  for the..Kel-Chlor process since it i s . a  

non-electrolytic process. However, the Uhde P r e s s  capi'tal costs are lower. 

While f u l l  capital  costs of h t h  prcees3c~ have not h e n  released, a simple 

canparisan of the equipnent used for both schemes (Table 22) reveals that 

higher capital costs would be involved for a Kel-Chlor operatian. The 

current ICel-C.hl.or plant also has major corrosion problems. 

. . 
6.3.3 Other Hydrogen Chloride-Based Processes 

Section 4.4 presented the Shell process, which catalytidally converts 

hydrogen &loride and oxygen i n m  chlurine and water. me cost data presented 

showed this  process .to be economically corrpetitive. However, no corranercial 

fac i l i ty  was developed and the only relevant eqerience was from a small p i lo t  



TABLE 20. Kel-Chlor Proaess ~ c o n d c s ~  

Feed Materials 

HC1 (100 percent)  

Oxygen (9 9.5 percent)  

NaOH (50 percent)  

H2S04 (98 percent)  

(80 percent)  

U t i l i t i e s  

mer 

.Cooling water  (2 O°F rise) 

Boiler feed water 

Process water  

Other 

Operating Labor 

Maintenance Labor 

Maintenance Materials 

Units p e r  Tbn o f  C12 Product 

1.03 ton 

0.227 ton 

1 pound 

36 pounds 

42 pounds 

52 KWH 

12,900 gal lons  

24 ga l lons  [2.2x105 BTU] 
energy required  

1 ga l lon  

2 men/shif t p lus  suprvisor 

2 pe rcen t  c a p i t a l  cost/year 

3 percent  c a p i t a l  cost /year 



TABLE 21. Uhde Process E c o n d c s  
Operating Costs f o r  the Uhde ~rocess' 

Raw Materials Usage per  Tbn C l 2  

HC1 (100 percent) 1.044 ~ n s  
1 

Elec t r i c i ty  1600 KWI1 

Caustic (100 percent NaOH) 36.9 pounds 

96 percent H2S04 33 pounds 

U t i l i t i e s  

P lan t  Water 

&ling Water 

E lec t r i c i ty  
Nitrogen 
Plant  Air 
Steam 

Miscellaneous 

werating Labw 
(men/shift m t  including 
supervisor) 

6.0 gallons 

4,820,000 gallons 

88 KWH 
0.8517 SCF 
0.6417 SCF 
30,000 pounds 

Maintenance Labor 
( p r c e n t  Capital  Inves-t 
per year) 2 . 5  

Ma intenawe mterial~ 
(percent Capital Investment 
per  year) 4 

In addition to chlorine, t h e  addi t ional  products obtained from this 

F u n t  per  ton Cl2  

70 percent Hz=+ 3.4 gallons 

Scdiu~~ 1rypbchlur.ih 254 pounds 

Hydrogen @ 99 percent recovery 10,591 SCF 

The above f igures  were presented fo r  a 200 TPD f a c i l i t y  currently in 



TABLE 22. Plajor Fquipment Needs for Kel-Chlor and Uhde Processes 

A. Kel-Chlor ( ~ a j o r  item) 

1. Absorber and oxidizer columns (ni t r ic  acid resistant) 

2. Stripper mlumns (ni t r ic  acid resistant) 

3. Vacuum disti l lat ion system (ni t r ic  acid resistant) 

4. ~kactional dist i l lat ion harhare 

5. Drying Wer for chlorine and canpressors 

6. Process refrigeration units (acid resistant) 

B. Uhde - 
1. Electrolytic cells  

2. Drying W r s  for chlorine and conpressors 



sca le  operation s t i l l  operating in the. Netherlands.. : Canpared t o  Kel-Chlor , 
this ca ta ly t ic  oxidation process is alrms t as energy e f f i c i en t ,  has lmer 

capi ta l  ccsts and higher operating costs. 

6.. 3.-4 Summary of Hydrogen Chloride-based Processes fo r  Chlorine Production 

F r m  the preceding sections, several points m y  be inade with respect 

to generation of dilorine £ram hydrogen chloride. 
, .  . 

Generation of large. cquiti ties of hydigen ' chloride from s a l t  via  
. . 

s i t h e r  t h e  . , Hargreaves or M a n n h ~ m ~ r o ~ s s  is not emnomically viable 
-i 

exep t  perl~aps in special  ci:mcumstanms. The irrajor problem is the 

1111dkd meu- lc tc  for the i npm sodiurri  sulfate cC~+e!duuC;. Currrnt. 

chlorine ' se l l ing  prices cannot support the $77 per tan hydrogen 

chloride production costs minimum fran e i ther  a Hargreaves o r  Mann- 
. . 

heim Process. .. 

1 

e The amount of 'hydrogen cflloride currently available is limited. W,I; 

of, the hydrogen chloride (about 9 3  perm1.L) is f o m d  as a by product 

of organic chlorinat iui~ reactions. For hydrogen chloride, the current 

demd-supply s i tua t ion  is as fo l lms :  

T u t d  1976 Pmducticrn = 2,495,000 tons 

Amount of product converted to clllorj-ne = 288,008 tnnq 

Tolal m u n t  of unmner&d hydrcgen cfiloriik = 2,208,000 tons 

The remaining 2.2 million ~ n s  per year of hydrogen &loride serves 

the market needs for  t h i s  m t e ~ i a l .  No mom than a s d 1  percent of 

this materid. is avail'able as a raw material fo r  increased chlorine 

productioil. III fact, it i~ noted t h a t  about 74,000 lmrls of hydrogen 

dillsridc vacm pmdiwrl d i rec t ly  from chlorine i n  1976. 
/ 

A s  a msult of the economic non-viability of the processes fo r  hydrogen 

chloride generation from c a l t ,  m d  the limited supplies of hydrogen 

chloride available f r m  other sources, it is projected t h a t  only a small 

peroentage ( < l o  percent) of the t o t a l  U. S. Qllorine production a u l d  

m e  from hyd,mgen chloride-based processes. Only s ignif icant  aost  

reductions fo r  the generation of hydrogen Qlloride from s a l t  cafi increase 

the contribution of hydmgen Qlloride processes. No e f fo r t s  i n  th is  

area have been noted during t h i s  study. 



6.4 Chlorine from Ammonium Chloride and Nitrosen Dioxide 
- 

rCI 

6.4.1 Introduction 

Section 4.1C presented a process, originally developed by I C I ,  which 

reacted nitrogen dioxide with ammnium chloride to yield & b r i n e  and ,an 

m n i u m  nitra* <-n-product. This process was never carried past the labora- 

tory stage, even though themdynamic calculations show that  the energy require- 

rents for this schem could be negligible. 

The original .work performd on the proess  demnstrated that  the reaction 

of gaseous nitrogen dioxide with solid m n i u m  chloride un&r ambient conditions 

yielded a solid product containing a t  l eas t  9 7 percent m n i m  nitrate and gaseous 

nitrosyl chloride (NOCl) . '1 r12  No work was reported on the subsquent conversion 

of nitrosy1 chloride to chlorine, as would be required i n  .a fu l l  .scale process. 

This lack of reaction kinetics information necessitated that the process 

be examined f m  a theoretical viewpoint. A possible process using such a 

scherne is shown i n  Figure 31. 

In this conceptual pmcess, solid a m ~ n i u m  chloride reacts with nitmgen 

dioxide under snr33ie.t mnditions. Solid unrefined amnmium nitrate is remverec?, 

recrystallized to recover pure material, dried, pri l led and packaged. W a s t e  

liquors fm the recrystallization are evaporated with resulting solids 

returned to the i n i t i a l  reactor. 

The nitrosyl chloride -product f rom the i n i t i a l  reaction is mixed with 

oxygen anii catalytically oxidized to nitrogen dioxide and chlorine. This product 

mixture is then fractionally dis t i l led  to recover pure n i t m g ~ n  dioxide, which 

is recycled to the i n i t i a l  reactor and chlorine. The residual nitrosyl chloride- 

chlorine mixture is again mixed with oxygen and catalytically oxidized to nitrogen 

dioxide and chlorine. This  mixture is then separated again by fractional 

d is t i l la t ion,  with the nitrogen dioxide recycled to the i n i t i a l  reactor and the 

~ u r i f i e d  d-dorine mnpressed and liquified for sale. 

6.4.2 Projected Pmcess Economics .- 

Using the process s c h m  outlined in Figure 31, capital  costs for 
100 TPD and 1000 TPD chlorine plants were d e v e l w .  Installed costs were 
estimated based on the principal pieces of equipent  l i s ted  i n  Table 23. 
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F i g u r e  31.  ~mmoni u n  Chi x i d e  L b w  ~ e m ~ e r ' a t  u r e  Process 



TABLE 23. Equipent Used In Amtmnium Chloride Low Tenperatme Pmcess 

(a) One tef lon lined gas-solids reactor 

(b) One reryystdllization system mnsisting of a dissolving tank, 

p q s  , an evaporator, ccrystal l izer  and centrifuge i n  series. 

(c) A second evaporator, crystallizer,  centrifuge and p q s  needed 

to recover values £ram the residual recrystallization liqmrs. 

(d) One drier  and pr i l l ing tmer for th& BrnDnilm ni t ra te  product. 

(e) 'Iko packed column teflon lined catalytic reactors. 

( f )  Dm teflon lined. fractional d is t i l la t ion columns. 

(g) The necessary lined (where appmpriate) and unlined piping 

needed to connect the major e q u i p n t  item. 

A capital  cost developed for these i t e m s  (1978 basis) totaled $21 million. 
. -  . , 

Using an exponential scaling factor of 0.90, a capitdl cost of $167 million 

was then estimated for a 1000 TPD !chlorine plant using sum technology. 

Operating 'cost information developed for a 100 ton per  day 'is presented i n  

Table 24. . . .  

A similar analysis was perfonred for a 1000 TPD chlorine plant. Under those 

conditions, w i t h  a $90/ton chlorine pr im,  a breakeven p i n t  of 84% and a 

return on investnmt of 3.7% (90% capacity) w e r e  calculated. A t  $140/ton of 

chlorine, the breakeven p i n t  for  a 1000 TPD d ~ l o r i n e  plant becomes 57% and 

the return on Lnvestment a t  90% capacity becoanes 30%. 

This malysis  shows the process may be marginal a t  m n t  chlorine prices 

and it hccmss attractive as cfllorine prices (and energy costs) ris& ' Indeed, 

the process energy requimwnts estimated here, for 'product drying and 

remvery e only about 10 percent of current chlorine production tedumlogy. 

6.4.3 Availabd-ity of Raw Materials - 

A s  the projected economics for this process ap=ar~famrable, the next 

mtter t o  resolve is the availabil i ty of raw.mterials . ,  Nitrogen dioxide (NO2) 
. .  . .  



Table 24. 

Operating Costs (per t on  ~1 , )  - 100 TPD plant1  

Variable Costs (V) Cost/Tbn C1, 

' -Materials NH, @ 40.00/Ton 
NO, @ llO.OO/Ton 

Power @ $.026/KWH 
Fuel @$3.00/106 BTu 
Labor - 4 m/shi f t  @ $6.30/hr 
Supervicion - 1 f n ~ m m / s h i f t  @$8.50/hr 
&.i.ntenance - 100% Total Labor Costs 

. .. overhead . 508 mtai T.-r costs . . 

Total Variable Costs $161. UU 

Fixed Costs (F) 

Labor - 2 men/shf f t  @ 7.30/hr 91,000 
1 s q e ~ s o r  @ 10.50/hr 22,000 

P l an t  Maintenance - 2% Cap i t a l  I nves tmn t  420,000 
P l a n t  Fixed Qlarge Rate 16% o f  Cap i ta l  

Inves-nt 

To ta l  Fixed Costs $3,893,000 

Chlorine @ 9O.OO/ton 30,OO 
NH,N03 @ 90.00/ton 221.00 . 

Total Revenues $311.00/ton C1, 

Breakeven Analysis 
--. . . 

Q = $3,893 000 = 25,950 TPY of  Qllorine * 
Note: The p l a n t  produces 33,000 TPY of chlorine asnmi.ng a 90 percent capaci ty  

fac to r .  Breakeven po in t  occurs a t  78.6 percent  of  capacity.  At 90 
percent  of  capaci ty ,  a r e t u r n  o f  investTtlent is ca lcu la ted  a t  5.6 percent 
If chlorine p r i c e s  rise to  $140.00 per t an ,  then the abave ana ly s i s  
y i e l d s  a breakeven po in t  of  19,470 TPY and a r e tu rn  on i nves t r en t  a t  
90 percent  capac i ty  of 23 percent ,  an acceptable rate. 



is readily available and can be prcduced in quantity by oxidation of m i a .  

The availability of m i u m  chloride, however, deserves further discussion. 

A t  present, mst of this material is produced as a by-product of the Solvay 

process. Currently about 25,000 TPY of material are recovered fran this 

source. The remainder of the m i u m  chloride is currently discharged as 

waste calcium chloride a f te r  processing t o  recover m n i a  values. However, 

i f  f u l l  recovery were practiced, enough m i u m  chloride could be generated 

fran this source t o  produce 670,000 TPY of chlorine. The amount of ammiurn 

chloride generated f r m  other sources currently is negligible. The avail- 

ab i l i ty  of this raw material source is questionable because of the rapid 

decline of the Solvay process over the l a s t  decade. 

A second, and possibly expanding, source of this material wauld be via  

production from ammnium sulfate produced from coking operations. The 

m u n t o f  this matxxial is  expected to i n c ~ a s e  sharply i n  the future as 

coal gasification processes become aammercialized on a large scale. ?he 

amnonium chloride would be produced via the reaction: 

Assuming the anumnium sulfate would be obtained for  n d n a l  reoovery oosts 

($5 per ton) the e c o n d c s  of the proceis are dependent upon the a v a i l a i l i t y  

and m s t  of calcium ,chloride. C a l c i u m  chloride (as the hexahydrate) currently 

sells for $55 ,per ton. Since about two .tons of the hexahydrate are needed to 

pmduce one tm of amrronim chloride, th is  results  in an m n i u m  &loride price ' 

of over $110.00 per ton. U s e  of ' the  anhydrous calcium chloride a t  $71.00 per 

ton, excldng conversion oosts, lowers riw material costs bca~lse only 1.01 

tons of this xmterial are needed to produce one ton of amrronium chloride. If 

conversion costs are included ($10 per ton)' the c m t  of the amrroniun chloride 

generated by this  route is $89 per ton. These prices contrast with the $40.00 

per ~n for ammnium chloride fmm %the Solvay process. Since over 1.5 tons of 

amrronium &loride .are required per ton of chlorine product, the cost of raw 

materials, even using the Solvay process, are excessively high C I ~  current 

chlorine prices of $90 per ton. 

Another possible process for production ,of large amunts  of amrronium 

chloride from amnnnium sulfa te  is one based on the reaction: 



A, process. using th i s  react im was caarrmercially operated i n  Germany as  

l a t e  as the 1930 ' s. The ma jar problem with the process, which involved 

c rys ta l l i za t im of the sodium sulfate. f r m  hot solution, was contamination 

of the product with unrecovered sodium sulfate. To obtain a pure arr~nrmium 

chloride prduc t ,  yields were generally limited t o  about 45*percent, with a 

considerable amcunt of product liquors being wasted. A second problem was 

the law grade of sodium sulfate co-prduct which in  current markets would be; 

unsalable. A third problem was the q g y -  requirements which required about 

10  x l o b  BTU. per tm of product .for heating ~ l r l  evawsating solutims. Cost  

ca3.mlations mzde on this process also revealed a break- price of over $90. 

per ton for the amnmium chloride product generated. Pt this process w e  

used eo prodme the required ananonium' chloride raw mterial, cl.~lo~:h~e prices 

of $150 per ton would be needed t o  make the sch- ec&canically viable. Also, 

there a re  considerable water pollution problems with such approach in  that 

about 55 percent of the start ing materials would be cmverted t o  w a t e r k e  

wastes, excluding the low grade sodium sulfate product generated. 

Aside from the above two proesses,  no other published mthods ex is t  for  

the economical conversion of waste mmonium sulfate to arnrronium &loride. 

Therefore, aside £ran the limited Solvay process' source, no large-scale e m -  

nomical so~rrms of mnim chloride exist. 

In swnmary, based on cost consiherations', it appears that the ammniiiPn 

&lori&-nitrogen dioxide is probably . iilldtid . tb the one existiny 

Solvay process soda ash plant s t i l l  operating. Haw long the remaining plant 

remains operational is urh1am. W s t  SOlvq plants have claed due to high - 
I , 

energy and envimnmental costs and competition from natural deposits. 

6,4.4 Overall -. -- Process .. . ,. Outlock 
.A - 

b ' r m  the above arialysis , f t appeals .U1a t this promss, i f  developed, 
. . 

would be useful, a t  current chlorine prices, .only a t  bne location. ~t a l l  

other sites, the availability of ammniurn chloride a t  reasonable cost w i l l  

l imi t  its applicability. Hmever, th is  process my become m r e  viable i f  a 

cheap, large-scale source of calcium chloride muld be found. 
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