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NOMENCLATURE 

heat transfer area, cm2 (ft2) 

constants for product i, °K- 1 , dimensionless 

fluidized-bed cross-sectional area, cm2 

molar concentration, g-mol/cm3 

specific heat, cal/g-K (Btu/lb _uR) 
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molecular diffusivity, cm2/s 

bubble diameter at some height above the distributor plate, 

cm 

dBM = maximum attainable bubble di.ameter due to coalescence, cm 
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dBS = maximum stable bubble diameter, cm 

d surface mean diameter of particle, cm p 

dt diameter of tube, cm (ft) 

Dt diameter of the fluidized bed, cm 

e = emissivity, dimensionless 

E. 
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f 
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activation energy of reaction j, kcal/g-mol 
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molar flow ot gaseous speele~, g-mol/s. 

= attrition fines flo~ rate, g/s 
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Ff =view factor, dimensionless 

f = fraction of particles in the bed smaller than radius R 
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F feed rate of solids, g/s 
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F1 = underflow rate of solids, g/s 

F2 total rate of elutriatetl solids, g/s 

' xi 



xii 

g gravitational acceleration, cm/s2 

G = cumulative normal Gaussian distribution function 
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max 

h 
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maximum mass velocity, G/cm2-s (lb /ft2 -s) 
m 

convective heat transfer coefficient, cal/cm2-s-K (Btu/ft2-h-°F) 

heat of formation of component at 298 K reference temperature, 

cal/g-mol (Btu/lb-mol) 

h radiative heat transfer coefficient, cal/cm2-s-K (Btu/ft 2-h-°F) 
r 

k an adjustable constant in Eq. (3.1), dimensionless 

K - gas e~cliauge roPffir.1'iint, =l r. 

kA'rT - attrition tale constant rlPt:i,ned by Eq., (4.4), C:ru-1 

KATT attrition rate constant defined by Eq. (4.J), cm-1 

kcf diffusion rate constant (see Eq. 5.9) 

kcR = chemical reaction rate constant (see Eq. 5.9) 

k gas thermal conductivity, cal/cm-s-K 
g 

k. 
JO 

k 
m 

preexponenti~l factor for reaction j, 

mass transfer coefficient, cm/s 

-1 R 

K(R) Hlui:riation rate constant of a particle of radius R def:i11ed 

by Ey • ( 4 • 5) , s-1 

K*(R) = carryover rate of particle of radius R per unit cross

sectional ar~a nf th~ bed, g/cm2-s 

k1 reaction rate constant for C + 0.502----+ CO (see Table 5.4), 

g-mol/c.mL-s-atm 

kz reaction rate constant for r.n + 0.502 ~ r.n:.'. (see Table 5.4), 

cm3/g-mol-s 

k3 reaction rate con~tant for C + COz --+ 2CO (see Table 5.4), 

g-mol/cm2-s-alm 

Lf expanded bed height, cm 

Lmf bed height at minimum fluidization, cm 



xiii 

LMTD log mean temp_erature difference, K ( 0 R) 

m 

M 
c 

heallug r.att:, K/s 

mass flow rate, g/s (lb /s) 
m 

atomic weight of carbon, g-mol 

n =number of bubblesat height z·above the distributor plate, 

dimensionless 

Pr 

number of holes in the distributor plate, dimensionless 

number of incremental volumes ~V in the bed, dimensionless 

differential attrition fines size distribution, cm- 1 

differential particle size distribution in the bed, cm- 1 

Prandtl number (C µ /k ), dimensionless 
p g g 

p (R) 
0 

differential feed size distribution, c.m- 1 

Q 

R 

differential underflow size distribution, cm- 1 

differential particle size distribution of elutriated 

solids, cm-1 

heat transfer rate, cal/s (Btu/h) 

particle radius, cm 

Reynolds number at terminal velocity {[P Ut(R)d ]/µ }, 
g p g 

dimensionless 

RG universal gas constant, 1.987 cal/g-mol-K 

RGG universal gas constant, 82.06 atm cm3/g-mol-K 

R maximum particle radius, cm max 

R . = minimum particle radius, cm 
min 

i(R) = rate of change of particle radius due to attrition for 

particle radius R, cm/s 

R
1

(R) = the average rate of total carbon consumption per unit 

surface area of a particle of radius R, g-mol/cm2-s 



xiv 

RI overall rate of C + 0.502 ---+ r.o (se.e Table 5.4), 

g-mol/cm2-s 

'l' 
R2 overall rate of CO+ 0.502---+ C02 (see Table 5.4), 

R~ 

Sh 

T 

g-mol/cm3-s 

overall rate of C02 + C---+ 2CO (see Table 5.4), g-mol/cm2-s 

Sherwood number (K d /D), dimensionless 
m p 

temperature, K ( 0 R) 

average bed temperatvre, K ( 0 R) 

TDH transport disengaging height, cm 
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p 

u8 =bubble velocity at height above.the distributor plate, cm/s 

Umf = minimum fluitli2ing velocity, cm/s 

Umb minimum bubbling velocity, cm/s 

U gas superficial velocity, cm/s (ft/s) 
0 
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0 

terminal velocity of particle of radius R, cm/$ 

V = volume, cm3 

VB volume of hnhhlP; r1113 

v
8 

gas volumetric flow rate through bubble phase, cm3/s 
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v. = cumulative yield of product i up to temperature T, wt % 
1 
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l, 
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lJ 

w
8 

= bed mass, g. 

x = weight fraction, dimensionless 
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z = height above distributor plate, cm 

Greek Notation 
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volume 6V, dimensionless 

6 average total void fraction in the bed, dimensionless 

6HR heat of reaction, cal/g-mol 

£B bubble voidage at bed height, dimensionless 

£B average bed bubble voidage, dimensionless 
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n mechanism factor 
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1. SUMMARY 

This report contains a detailed description of the work performed 

during 1979 for the Tennessee Valley Authority (TVA) in support of the 

TVA Fluidized-Bed.Combustor (FBC) Demonstration Plant Program. The work 

was carred o·ut under task 4, modeling and simulation of atmospheric 

fluidized-bed combustor (AFBC) sys.terns. The overall objective of this 

task is to develop a steady-state mathematical model with the·capability 

of predicting trends in bed performance under various feed and operating 

conditions. As part of this effort, three predictive· subprograms (sub

codes) were developed during 1979: (1) bubble-growth subcod~, (2) sorbent

coal ash elutriation and attrition subcode, and (3) coal combustion 

subcode. These codes, which are currently being tested with experimental· 

data, are capable of predicting how some of the important operating 

variables in the AFBC affect its performance (Table L 1). Af.te.r testing 

against field data, these subcodes will be incorporated into an overall 

AFBC system code, which was develop.ed earlier at ORNL for analysis of 

the Department of Energy (DOE) Component Test and Integration Unit (CTIU) 

at Morgantown, West Virginia. 

The bubble~growth code developed during this year relates bubble 

growth to bed expansion. In this procedure, the average bed bubble 

voidage is predicted by two separate methods. First, applying the two

phase theory' the average bubble voidage is calculated by using the bed·. 

expansion expression of Babu, Shah, and Talwalker (1978). Second, using 

the bubble-growth expression of Mori and Wen (1975), the average bubble· 

voidage is found by calculating the first moment of the specific· bubble 

voidage. These two values of average bed bubble voidage are compared, 

and the constant in the Mori and Wen correlation is varied until the cal

culated voidage from both methods agrees. With this constant, the bubble 

properties ?S a function of height are estimated. 

The sorbent-coal ash elutriation and attrition code completes ·the· 

material balance .about the cell for the sorbent and coal ash solids·. This 

task is done by ·using the elutriation and attrition expressions of Merrick 

and Highley (1974) and solving the fluidized-bed performance equations 

1 
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Table 1.1. Factors affecting atmospheric fluidized-bed 
combustor performance 

Heat 
Sorbent transfer Combustion Bed 

Variable utilization in bed efficiency hydrodynamics 

Unit size (bed area) 
Bed depth 
Tube bank geometry 
Tube metal temperature 
Superficial velocity 
Coal-limestone feed 

arrangement · 
Freeboard height 
Bed temperat:ure 
Freeboard temperature 
Excess· air 
Coal type and size 
Coa:l sulfur content 
Limestone type and 

81?.P. 
Bed particle size 
Recycle of elutriatecl 

fines 

a 
a 
a 

a 

a 
a 
a 
a 
a 
a 
a 

a 
a 

a 

a 
b 
b 

b 

b 

a Factors known to affect AFRr. pPrfnrmance. 

bFactors considered by current codes. 

b 
b 
a 

b 

a 
a 
}; 

a 
b 
b 

b 

a 

b 
b 
a 

b 

b 

b 

h 
b 

a 

given by Kunii.and Levenspiel (1977). As a result, the material balance 

is closed, and the particle size dist·r.ibution of the bed and the 

elutriated solids are found. 

The coal combustion code determines the combustion efficiency of the 

AFBC via a two-phase (emulsion and bubble) bubbling bed model. The 

bubble characteristics (slow, fast, diameter, fraction, etc.)' are predicted 

via the previous bubble-growth code. Devolatization of coal is assumed 

to be uniform throughout the hed, ;incl thP y~R1,ds and composition of 

volatile products are predicted via the model of Reklaitis et al. (1977) 

for Illinois No. 6 coal. The subsequent char combustion is assumed to 

proceed via the following reactions. 

CO + 0.502 + C02, and 

G02 + C + 2CO. 

(1.1) 

(1. 2) 

(1.3) 



3 

For the heterogeneous reactions, Eqs. (l ~ 1) and (1. 3), both intrinsic and 

mass-transfer effects are used to determine the overall rate of the reactions. 

This information i.s then used with the elutriation expression of Wen and 

Hashinger (1960) to close the gas si~e component balances and the char 

solids balance. In doing this function, the. coal mass balance is closed; 

concentration profiles for 02, CO, and C02 are generated; and the char 

bed weight and size distribution are found. 

In addition to these predictive subcodes, the overall system code 

previously developed for the CTIU is described in this report~· The overall 

system code does not incorporate the above predictive codes. At present, 

this code closes the material and energy balance for a complete AFBC system. 

The material balance is closed, based on vendor-supplied data. This · 

balance is then· used to predict the heat transfer characteristics.of the 

surfaces (submerged and freeboard) in the AFBC. Existing correlations 

for heat transfe.r in AFBC are used in the code along with thermophysical 

properties of the various streams. These characteristics are used to clos·e 

the energy balance about· the system. the structure of this code allows 

simulation of many different AFBC configurations. 

Typical results from each of the codes are included in this report. 

Extensive studies with these codes have not been made during this year, 

due to time limitations. During the upcoming year a sorbent utilization 

subcode will be developed, and the predictive subcodes will be tested. At 

this point, these subcodes will be incorporated into the system co9e. 

The resulting code will be a flexible predictive code that will be used 

to aimulate the TVA pilot and demonst:n:iti nn pl;mts. 
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2. INTRODUCTION 

In recent years, the utilization of coal as a primary source of 

energy has gained increasing importance. A number of new technologies 

are being developed for the utilization of coal; AFBC is one such 

technology. 

The AFBC concept has many advantages for both utility power and 

process heat production, Specifically, the AFBC will allow the control 

of S02 and NOx emissions without the use of external pollution control 

equipment. Also, the AFBC bed has a fa~rly uniform temperature throughout 

and a favorable heat transfer coefficient [(0.023 to 0.028 W/cm2-K) 

(40 to 50 Btu/h-ft2-°F)] •. This situation allows lower surface areas for 

heat transfer compared with pulverized coal-fired boilers. On the other 

hand, the attrition and elutriation of solids from the AFBC create problems 

in maintaining a high combustion efficiency and in .removing solids from 

the flue gas. Also, poor solids mixing in the bed and the bypass of 

gaseous reactants via bubbles may result in localized reducing conditions 

(corrosion), These conditions may also lead to excessive so2 emissions. 

As with any new technology, these and other difficult problems must be 

addressed. Many of these questions can be studied by process modeling 

and simulation together with a carefully planned experimental program. 

The link between the efforts is, however, very important. The process 

of comparing the experimental data with the model predictions gives a 

basic understanding of the various factors affecting AFBC performance. 

This understanding can then be used to develop a system code that can 

predict AFBC performance at other operating conditions. The main 

indicators of performance in the AFBC system are 

1. bed hydrodynamics, 

2. sorbent utilization, 

3. combustion efficiency, and 

4. in-bed heat transfer. 

These indicators are affected.by many design and operating variables, as 

shown in Table 2.1. The purpose.of the modeling effort is to find how 

each of these variables affects the system performance and to determine 

5 
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additional variables that are important for design and scale-up. This· 

information can then be used to develop a comprehensive system model for 

performance prediction. To do this effectively, experimental data must 

be available in the range of interest. Only recen_tly are data from .AFBCs 

of reasonable size becoming available. The primary sources for data are 

1. the Babcock and Wilcox/Electric Power Research Institute (B&W/EPRI) 

183- by 183-cm (6- by 6-ft) AFBC at Alliance, Ohio, 

2. the Pope, Evans, and Robbins 92- by 92-cm (3- by 3-ft) AFBC at 

Georgetown, Virginia, and 

3. the NASA conical FHC at Cleveland, Ohio. 

Table 2~1. Factors affecting atmospheric fluidized-bed 
combustor performance 

variable 

Unit size (bed area) 
Bed depth 
Tube bank geometry 
Tube metal temperatur·e 
Superficial velocity 
Coal-limestone.feed 

a.rr:augement 
Freeboard_ height 
Berl te.mperature. 
Freeboard temperature 
Excess air 
Coal .. type ancl size 
Coal sulfur content 

. Limestone type and 
size 

Bed particle size 
Recycle of Alutriated 

f" _;mes 

Heat 
Sorbent transfer Combustion Bed 

utilization in bed efficiency hydrodynamics 

x 
x 
x 

x 

x 
x 
x 
x 
x 
x 
x 

x 
x 

x 

x 
x 
x 

x 

x 

x 
x 
x 

x 

x 
x 
x 
x 
x 
·x 

x 

J{ 

x 
x 
x 

x 

x 

x 
x 

x '~ 

x 

With this information, the validity of the assumptions made irl:the modeling 
\'J i 

process can· be confirmed, and an improved AFBC system code will :be developed. 
t 

This report describes the atmospher_ic fluidized-.bed modeling 

act.ivities performed for TVA at ORNL during 1979 •.. During this period, 

f 
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three predictive subcodes were developed: · (1) the bubble hydrodynamic 

routine, (2) the combustion routine, and (3) the sorbent-coal ash 

.elutriation and attrition routine. These three routines can be used to 

predict the effect of some of the variables listed in Table 2.1 on AFBC 

performance. In addition, the existing overall AFBC system code originally 

developed for the Morgantown CTIU facility has been modified to predict 

the heat transfer coefficients of AFBC heat exchange equipment (submerged 

surface, f~eeboard surface, and water wall). This code essentially com

pletes the material and energy balance about the system, based on vendor

supplied data. At present the system code does not incorporate the· above 

predictive subcodes. 

Each of the above performance subcodes is described in this report, 

which includes background material, assumptions, equation derivations, 

logic diagrams of the codes, limited comparison of computed results to 

experimental data, and recommendations for further work. The overall 

system code is also described. Future plans for this calendar year will 

include the development of a sulfur capture subcode, imp~ovement of the 

combustion mcdel, incorporation of the predictive·subcodes into the exisfirtg 

system code, and simulation of the TVA/B&W pilot plant AFBC. 
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3. BUBBLE-GROWTH MODEL 

3.1 Background 

Simulation of FBCs requires the accurate prediction of bubble size 

and bubble growth in the bed. The mass transfer of gas between the 

bubble phase and the emulsion phase is a strong function of bubble size. 

The prediction of bubble size is necessary for the calculation of combustion 

efficiencies and sulfur capture in FBCs. The properties of the bubbles 

in the bed also determine the patterns of solid mixing in the bed and are 

related to the elutriation of solids from the bed. As a consequence of 

these effects, the size of the bubble is of primary importance in the 

scale-up of fluidized beds (Werther 1978 and Bottom 1966). Many bubble

growth correlations have been proposed for small particles and low 

superficial velocities (Mori and Wen 1975, Cranfield and Geldart 1974, 

and Werther 1978). Analysis.of these correlations shows that they are 

valid for only a limited range of operating conditions and are inadequate 

for the large particles and high superficial velocities that are typical 

of FBC operation. 

3.1;1 Bubble growth 

Bubble growth in fluidized beds is caused by three mechanisms: 

(1) the decrease in hydrostatic pressure as the bubble rises, (2) one 

bubble overtaking another vertically, and (3) one bubble combining with 

another horizontally. In general, the hydrostatic pressure effect is too 

small to be significant. For small particles and low superficial velocities, 

coalescence usually occurs in the vertical direction.· Also, it has been 

reported (Geldart 1977) that the.spacing between the bubbles must be 

within two bubble diameters before vertical coalescence can occur. 

For shallow beds of large particles (1000 to 2000 µm), Cranfield and 

Geldart (1974) observed coalescence to occur primarily by "cross absorption," 

which corresponds to horizontal bubble growth. Also, for large-particle 

beds, Cranfield and Geldart (1974) and Cranfield (1978) reported the 

formation of large lenticular voids a short distance (<2 to .3 cm) above 

the distributor plate. As this void moves upward, it rapidly breaks up 

9 
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into small stable bubbles, which has been. observed within 5 cm of the 

distributor plate. In general, for both large- and small-particle beds, 

the bubbles tend to coalesce toward the center of the bed, leaving a 

region of descending solids, devoid of bubbles, along the walls· of the 

reactor (Cranfield 1978). 

Because of the importance of bubble growth in the prediction of 

fluidized-bed performance, many correlations for bubble growth have been 

proposed; these correlations are reviewed in the paper by Mori and Wen 

(1975). In general, they found that these correlations applied only at 

the conditions at which the data were taken. It was also noted that the 

bed diameter affects bubble growth. Following the s1.1ggestion of Miwa; 

Mori, and Muchi (1970), Mori and Wen proposed the following expression: 

where dBM is the maximum attainable bubble diameter given by 

dBM = 0.652[A (U - U )] 215 
XS 0 mf 

(3 .1) 

(3. 2) 

dBo is the initial bubble diameter formed at the distributor plate given 

by 

0.347[A (U - U f)/nd1 2 /s , 
XS 0 111 

(3. 3) 

where z is the height above the distributor plate, Dt is the d:i.ame.ter of 

the reactor, nd is the number of holes in the distributor plate, and k is 

an adjustable constant. By setting the constant k to 0.3, a satisfactory 

fit or over 400 data points was obtained for a limited range of particle 

size (60 to 450 µm), superficial velocity (50 to 70 cm/s). and re.actor 

diameter (<130 cm). 

More recently Werther (1978) and Cranfield and Geldart (1974) 

proposed other bubble-growth correlations for fluidized beds. Again, the 

general applicability of these equations to other systems and conditions 

is questionable. Cranfield and Geldart's work was specifically for shallow, 

large-particle beds. Their equation is 

0.0326(U (3 .4) 
0 
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which tends to overpredict bubble diameters for typical AFBC conditions, 

as discussed later. 

3.1.2 Maximum bubble diameter 

Bubble growth can be conceptually limited by two maximum bubble 

sizes: the size corresponding to complete coalescence of all gas into a 

single train of bubbles and the stable bubble determined by the bubble 

hydrodynamics. Mori and Wen (1975) proposed a correlation for the maxi

mum attainable bubble diameter due to complete bubble coalescence dBM' 

which is the.size of a bubble in a train of large, single bubbles rising 

through a bed such that no vertical coalescence can occur. The value of 

this bubble diameter was derived by Mori and Wen and is given by Eq.(3.2), 

which was derived on the basis of the following assumptions. First, the 

number of bubble diameters that must be maintained between bubbles to 

prevent vertical coalescence was set at four. Second, the velocity of 

the bubble was calculated from the work of Davidson and Harrison (1963) as 

UB = 0.711 "gdBM (3.5) 

Third, from two-phase theory, all gas in excess of that required for 

minimum fluidization passes through the bed as visible bubble flow. 

Therefore, the volumetric flux through the bubble phase is 

VB/A 
XS 

(3.6) 

where VB is the gas volumetric flow rate through the bubble phase, cm 3 /s. · 

Recent observations in fluidized beds have altered these assumptions. 

First, vertical coalescence appears to be limited by two bubble diameters 

. versus four (Geldart 1977). Next, Werther (1978) found that the velocity 

of a bubble is a function of the diameter of the reactor and is given by 

(3.7) 
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.where 

0.64 Dt < 10 cm 

ljJ 0.225(Dt)o. 4 10 < D 
t 

< 100 

1.6 Dt > 100 - ' 

with Dt equal to the diameter of the reactor. 

Finally, the volumetric flux through the bubble phase is alwayR 

smaller than that predicted via two-phase theory and is given by Werther 

(1978) as 

(3.8) 

where 0.67 .s_ ~k 2_ 0.76. Cranfield and Geldart (1974) proposed the 

following correlation for pr.edi .. cti.n.g the volumetric flux through the 

bubble phase within ±22%: 

VB~~~ 0.363(U - U ) 1 · 11 z 0 · 09 
mb (3 '9) 

If one repeats the derivation of dBM with these assumptions, the expression 

for the maximum attainable bubble diameter becomes 

(3 .10) 

This value of dBM ls the diameter of a train of single bubbles rising 

along the center of the bed and represents a pussible limit to the 

bubble-growth process. 

The second con.cei;>t of m.:ixirnum bubblr. erowtl1 li:; based on uubble 

hydrodynamics. Experimental observations have shown that bubbles do not 

grow indefinitely but tend to break up as soon as their diameter exceeds 

a certain value (Werther 1978 and Matsen 1973). This roncept depends on 

the physical properties of the bed material. A criterion for maximum 

bubble size based on bubble hydrodynamics is given by Davidson and 

•'· 
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Harrison (1963). Here bubble growth is limited by the terminal velocity 

of the bed material, which is referred to as the maximum stable bubble. 

diameter dBs· By this criterion, the bubble size increases until it 

reaches ·the terminal velocity of the surrounding solids. At this point, 

the internal circulation velocity in the bubble is equal to the terminal 

velocity of the surrounding solids. If the bubble grows, it becomes 

unstable and breaks down into smaller bubbles. Specifically, the solids 

in the wake would be drawn into the bubble, causing the bubble to break 

up. Hence, the maximum stable diameter would depend on the terminal 

velocity of the bed material and therefore on the particle size, shape 

factor, and physical properties of the bed material. Data presented by 

Rowe and Partridge (1965) and by others (Horio and Wen 1977 and Toei et 

al. 1974) have raised questions about the validity of this criterion. 

X-ray profiles of bubbles in three-dimensional beds show the formation 

of a cusp at the ceiling of the bubble~ This cusp grows into a long 

finger that splits the bubble. Clearly, this is an area that needs 

further ·study. 

3.1.3 Bed expansion 

• When the superficial velocity through a fluidized bed is increased 

above the minimum fluidization velocity, the bed expands. This expansion 

is due to (1) the formation and coalescence of bubbles or voids of gas and 

(2) the expansion of the emulsion phase due to an increase in gas flow 

through this phase, which implies that the bed expansion is related to 

the bubble diameter and bubble growth. As mentioned previously, the 

volumetric flux of the gas through the bubble has been observed to be 

smaller than that predicted by two~phase theory. Therefore, the emulsion 

phase volumetric flux and expansion should also be greater than predicted 

by two-phase theory. 

A number of correlations to predict bed expansion have been proposed. 

Recently, B~bu, Shah, and Talwalker (1978) revie~ed these correlations 

and found that they do not accurately predict bed expansion at. high

pressure and high-density conditions. As a re~ult, a statistical fit of 
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available data was made, and the following relation was proposed for 

reactor diameters greater than 6.35 cm: 

(3.11) 

All terms are expressed in centimeter-gram-second (cgs) units. This 

correlation is based on data for reactor diameters up to 30.5 cm and was 

not tested in larger reactors. In this work, bed expansion data from a 

183- by 183-cm (6- by 6-ft) AFBC (Modrak et al. 1979) and 61- by 61-cm 

fluidized beds (Cranfield and Geldart 1974, Staub and Canada 1978, and 

Canada, McLaughlin, and Staub 1978) have been compared with results from 

the Institute of Gas Technology (IGT) bed exparn:;i on e.qurition [Eq. (3 .11)]. 

This comparison is shown in Sect. 3.4. 

The average bubble voidage of the bed can be related to bed expansion 

by 

(3 .12) 

Equation (3.12) ·assumes that increased expansion of the emulsion phase 

due to increased volumetric flux is negligible [i.e., Eq. (3.12) is based 

on two-phase flow theory). 

3.1.4 Effect of horizontal tube bundles 

Very little quantitative information ii;; availal;>lE;! on the effects of 

horizontal tubes on bubble growth and bed exp.ansion at high superficial 

velocities and large particle sizes. For small particles, the effect 

depends on the relative size of the bubbles and the tubes. Splitting of 

the bubbles in small-particle beds occurs when bubble diameters are 

relatively large compared with the tube diameter (Gel·dart 1977). In 

current modeling of FBCs, it is usually assumed that bubbles are broken 

up into a diameter equivalent to the horizontal pitch of the tube bundle 

(Rengarajan, Krishnan, and Wen 1979). If this assumption were true, it 

could be shown that the bubble voidage in the bundle would increase and 

that the observed bed expansion would be higher than that observed with 

no tube bundles present. Staub and Canada (1978), in their study of 

large-particle, high-superficial-velocity beds, found that the presence 
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of tube bundles had no effect on bed expansion. This finding seems to 

indicate that bubbles are not being broken down into smaller .bubbles at 

the tube bundle. These data were taken with five to ten rows or staggered 

tubes having a 5.7-cm axial pitch and a 10.2-cm transverse pitch. 

However, these observations are preliminary and need further experimentation. 

3.2 Model Development 

From the previous sections, it is .qualitatively apparent that average 

bubble voidage is related to bubble growth. In this section, a quantitative 

relation between bubble size and average bubble voidage is developed. 

3.2.1 Relation between average bubble voidage and bubble growth 

First, the number of bubbles per unit volume at some height z above 

distributor plate is given by 

n/ (A f::,.z) = (f/uB) , 
XS 

(3.13) 

where f is the frequency per unit area and uB is the speed of the bubble 

at height z. Since the volume of a bubble is 

(3.14) 

the bubble volume per unit volume of bed at height z is 

(3.15) 

where ~ accounts for the nonspherical nature of the bubble. 

Now the volumetric flux through the bubble phase is given by 

. 
V"'"' 

B 
(3.16) 

Therefore, the bubble volume per unit volume of bed at some height z can 

be expressed as 

(3.15) 
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From the previous sections, the volumetric flux through the bubble phase 

is from the work of Werther (1978) , 

where 0.67 < <j>k. ..:_ 0.76, or from Cranfield and Geldart (1974): 

0.363(U - Umb)l.llz0.09 . (3.9) 

To obtain the average bed bubble voidage, the first moment of bubble 

volume per bed volume is found a8 

(3.18) 

where Lf is the expanded height of the bed, and, from the work of Werther 

(1978), 

where~ is given as a function of reactor diameter by Eq. (3.7). Therefore, 

bubble diameter (a function of.z) can be related to average bed bubble 

vuluage aH 

£ 
B 

3.2.2 Assump~ions 

(J .19) 

To relate bubble growth to bed expansion quantitatively, certain 

assumptions are made. First, the volumetric flux through the bubble phase 

is assumed to be that given by Eq. (3.9). Second, bubble growth is assumed 

to have the functional form of Eq. (3.1): 

(3.1) 
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In this expression dBM is given by Eq. (3.10) and dBO is given by Eq. (3.3). 

Third, the surface mean particle diameter dp is assumed to be the 

characteristic particle size in the bed and is calculated as 

d = l/[Eall i(x/d ) .] , (3.20) 
p p 1 

where x is the weight fraction of the ith particle size. Fourth, the 

increased expansion of the emulsion phase due to the greater volumetric 

flux through this phase is assumed to be negligible compared with th~ 

expansion due to the formation of bubbles. Fifth, the effects of hori

zontal tube bundle and walls are assumed to be negligible. Of these five 

assumptions, the fifth is the most questionable. The work of Staub and 

Canada (1978) seems to indicate no effect of tube bundles on bed expansion. 

The effects of the wall~ on dBM and dBS have not been clearly quantized 

in the literature (Mori and Wen 1975). Utility AFBC applications will 

dictate large cross-sectional areas, and at present the wall effects are 

neglected. 

3.3 Code Input-Output and Computational Method 

Based on the above equations and assumptions, a computer code has 

been developed for calculation of.bubble growth in fluidized beds. The 

input and the computational scheme of this routine are given and discussed. 

The required input parameters and their values are given in Table 3.1. 

These values are typical of the B&W/EPRI 183- by 183-cm AFBC (B&W 1979a). 

Figure 3.1 shows the overall computation scheme of the code. First, the 

average bed bubble voidage is found as 

(3 .12) 

where Lf/Lmf is given by 

l.9544(U - U )0~738d l.006p 0.376 
1 + ~~~~-o~~-m~f~~~·~~P~~~-s~~~ 

(U )0.937p 0.126 
mf g 

(3 .11) 
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Table 3~1. Input parameters for bubble-growth code 

Variable Value Definition 

D 0.1487 Mean particle diameter in bed, cm 

RHOS 2.6 Density of bed material, g/cm 3 

RHOG 0.00032 Flue gas density, g/cm3 

MU 0.00044 Gas viscosity, g/(cm-s) 

DT 183 Bed diameter, cm 

HBED 121.9 Expanded bed height, cm 

XND 15,248 Number of orifice openings at distributor 
plate, dimensionless 

no 243.8 Superficial velocity, cru/ s 

and the minimum fluidization velocity Umf is calculated by the equation 

given by Wen and Yu (1966): 

. {l. 0.0408d
3

p (p - p )g 11
/

2 
. } = _µ~ 33.72 + pg s g - 33.7 ' 

d p 2 . 
p g µ 

(3. 21) 

where dp is the mean particle diameter given by Eq. (3.20). 

Next the minimum and maximum diameters are calculated via Eqs. (3.3) 

and (3.10). At this point the value of the constant kin Eq. (3.1) is 

assumed and used to determine the average bed bubble voidage from 

0;19) 

where~ is defined by Eq. (3.7) and V~~ is given by Eq. (3.9). The 

average buo.ble voidage in Eq. (3 .19) . is a function of the bubble diamete.r. 

Since the bubble diameter in this expression depends on a· constant k 

[see Eq. (3.1)], the value of the bed voidage becomes a ,function of k. 

This constant is varied until the value of EB calculated: from Eq. (3.19) 

agrees with that from Eq. (3.12). The integration of Eq. (3.19) is done ,. 
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START 

. READ, D, ps, ps, µ. 

. Dr, Umf, Uo, HBED 

FIND Umf VIA EQ. 3.21 

FIND Lf/Lmf VIAEQ.3.11 

FIND € 8 VIA EQ. 3.12 

CALC d 80 VIA EQ. 3. 3 

CALC d 8 M VIA EQ. 3.10 
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EQ. 3.19 

CALC BUBBLE SIZE 
AS A FN. OF HEIGHT 

PRINT OUTPUT 

STOP 

·Fig. 3.1. Flow diagram of computer code. 
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by Simpson's rule, and the convergence for constant k is obtained by using 

the Regula-Falsi method (Sokolnikoff and Redheffer 1966). The total 

fractional bed voidage from the two-phase theory is given by 

(3. 22) 

Table 3.2 summarizes typical values generated by the code, 

Table 3.2~ Output results produced by bubble-growth code 

Vada'blt:! 

HMF 

DBO 

DBM 

DB. 

EPI 

IC 

v~11.1e 

61. 7 

3.7 

157.6 

See Fig. 3.9 

108.8 - 465.0 

0.49 

0.95 - 1.05 

Definition 

Height at minimum f.luicliz.<itinn., cm 

Bubble diameter at distributor 
plate, cm 

Maximum bubb'le diameter, cm 

Bubble diameter gs a functton of 
· bed height, cm 

Velocity of bubble as function 
of height, cm/s 

Average bed bubble voidage, 
dimenoionlcoo 

Constant in Eq. (3.1) 

3.4 Results and Discussion 

Bed expansion results calculated from Eq. (3.11) were compared with 

experimental data obtained by Modrak et al. (1979), Canada~ McLaughlin, 

and·Staub (1978), and Cranfield and Geldart (1974). The comparisons are 

shown in Figs. 3.2 to 3.6. Figure 3.2 is a c.omparison of Modrak's experi

mental data obtained in the B&W/EPRI (183- by 183-cm) bed versus results 

obtained from Eqs. (3.11) and (3.22), In thiR r.;:ilr11lation, th~ voidage 

at minimum fluidization £mf is assumed to be 0.5, based on the work of 

Hartman and Pata (1978) for limestone solids. As can be seen in Fig .. 3.2, 

only one of the ten data points falls out of the ±10% error zone. 

Bed expansion data measured by Canada, McLaughlin, and Staub (1978) 

are shown in Figs. 3.3 to 3.5. The data were taken in a 61- by 61-cm 

bed and a 31- by 31-cm bed at 423 K. Figure 3.3 shows a comparison of 
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Fig. 3.2. Comparison of bed expans±on data from Modrak et al. (1979) 
with that obtained from Eqs. (3.11) and (3.22). 

ri?s1.i1.ts from hed expansion data obtained with soda l;!-me glass particles 

(ps = 2.48 g/cm3) and Eq. (3.11)_ for a particle diameter of 650 µm. A 

minimum fluidization bed voidage Emf of 0. 4 as meaf?ured _by Canada was 

used in the calculations. The agreement is reasonable for the majority 

of points. The results for crown barium glass particles (ps 2.92 g/cm 3) 

of 2600-µm particle diameter are shown in Fig~ 3.4, with £ mf 0.4. Again, 

the agreement is reasonably good except in the lower superficial _velocit_ies. 

Figure 3.5 gives the results for a 50-50 mixture of 650- and 2600-µm 

particles (Staub·and Canada 1978). The voidage was again assumed to be 

0.4 as in the other cases, but the agreement is clearly not as good, for 

which two reasons may exist. First, the value of minimum fluidization 
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Fig. 3.3. Comparison of bed expansion data from Canada, McLaughliIJ., 
and Staub (1978) {or 650-µm particles with results from Eq. (3.11). 

voidage was not measured by Staub but was assumed. If this value is 

increased to 0.5, the agreement becomes better. Second, the different 

diameter (650 and 2640 µm) and density (2.48 and 2.92 g/cm3) of the 

particles cause segregation of the particles, resulting in a nonreproducible 

bed expansion. 

Cranfield and Geldart'i:; bt!d expansion data, Fig. 3.6, were taken in 

a 61- by 61-cm bed at 295 K. Alkalized alumina spheres with a mean 

particle size of 1760 µm and a density of 1. 025 g/cm 3 were used as bed 

material. This figure shows the ratio of the. folly expanded bed height 

to bed height at· minimum fluidization versus the superficial· velocity. 

Here the bed expansion equation of Babu, Shah, and Talwalker (1978) 
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Fig. 3.4. Comparison of bed expansion data from Canada, McLaughlin, 
and Staub (1978) for 2600-µm particles with results from Eq. (3.11). 

[Eq. (3.11)] does not result in a satisfactory fit. This failure may be 

attributed to the particle properties, in particular the low d.ensity and 

the rough surface of the alkalized alumina spheres used in the experiments. 

Bubble-growth data for large particles and high superficial velocities 

are not readily available. Cranfield and Geldart (1974)', from data 

obtained in a 61- by 61-cm bed, have given the following correlation for 

predicting bubble growth within ±10.%: 

"' = Oi.b326(U 
l . 0 

(3.4) 
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Fig. 3.5. Comparison of bed expansion datR fr.om Staub and Canada 
(i9/8) for a 50-50 mixture of 650- and 2600-µm pRr.ticles with reGults 
from Eq. (3.11). 

Figure 3.7 compares the bubble diameter at the bed surface from this 

equation with that of the proposed method. Poor agreement at a mjni.mum 

fluidization height 11nf of 30 cm is noted, but, as umf approaches 10 cm, 

the agreement between the measured bed expansion and the bed expansion 

calculated from Eq. (3.11) also became better. This fact establishes 

the possible premise that, when the bed expansion is predicted correctly, 

the bubble growth ca·n also be predicted via Eq. (3 .1), which has been 

done in Fig. 3.8 for conditions similar to those used by Modrak et al. 

(1979) (i.e., an operational AFBC). This figure is a plot of calculated 

bubble diameter versus expanded bed height for various superficial 

velocities. By increasing the superficial velocity from 122 to 244 cm/s 
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Fig. 3.6. Comparison of bed expansion data from Cranfield and 
Geldart (1974) with results from Eq. (3.11). 

(4 to 8 ft/s), the bubble size increases roughly by a factor of 4, which 

is in accordance with the functional relationship between bubble diameter 

and bubble velocity. 

Flually, F.ig. J.9 compares the bubble growth predicted by the 

proposed method and those obtained from the Cranfield.and Geldart equation 

[Eq. (3.4)] and Mori and Wen's original equation [Eq. (3.1)] at conditions 

typical of AFBC operations. Cranfield and Geldart's equation tends to 

predict very rapid bubble growth, which results in a bubble larger than 

the bed diameter at a low height above the distributor. The Mori and 

Wen correlation, which is r~t applicable to these conditions, predicts 

a relatively small bubble. The proposed correlation predicts a large 

bubble (~90 cm) .at the surface of the bed. Bubbles of this size have 

been observed in a 180-cm cold bed using 300-µm sand (Botton 1966). The 
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Fig. 3.9. A comparison of bubble-growth relations. 

accuracy of the proposed correlations cannot be established, however, 

without experimental data. 

3.5 Recommendations for Future Work 

To establish a better understanding of bubble growth in fluidized 

beds, the following areas should be investigated_. First, the relationship 

between bed expansion and interstitial gas flow does not obey the two-phase 

theory (Cranfield and Geldart 1974 and Werther 1978), and _a predictive 

method in terms of fluidized-bed properties should be developed. Second, 

the ratio of the bubble diameter to bed diameter at which the walls of the 
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rea·ctor affect bubble growth should be determined. This ratio defines 

minimum reactor size for process testing and scale-up. Third, the effects 

of horizontal and vertical tube bundles on bubble size, rise velocity, 

and bed expansion need to be investigated. _The bundle configuration should 

be determined to ensure the appropriate bubble size for maximum combustion 

rates of chemical reactions and heat transfer in the bundle. Finally, a 

criterion for the maximum stable hydrodynamic bubble size should be 

developed based on fluidized-bed properties. Specifically, the effect of 

fines on hydrodynamic stability of bubbles should be quantified. 

3.6 Summary 

Simulation of "FBCs requires thP. ;:i.-:r.urate prediction of the size and 

growth of bubbles in the bed. The combustion efficiency (coal utilization), 

the sulfur capture by sorbent in the bed, the elutriation of fines from· 

the bed, and the mass transfer of the gas between the bubble phase and 

the emulsion phase all depend on bubble size. Empirical correlations 

available in the _literature to predict bubble. size are not satisfactory 

for the large-particle, high-superficial-velocity conditions typical of 

fluidized-bed combustion. 

The bubble-growth subcode developed in this work relates bubble 

growth to bed expansion. The average ped bubble vo~dage is c.AlrlllRtPn 

from the two-phase theory [F.q. (3.12)] and the bed cxpans;i.9n relation 

[Eq. (3.11)] proposed by Babu, Shah, and Talwalker (1978). The avera~e 

bed bubble voidage, which can also be related to bubble size, is found 

from Eqs. (3.19), (3.9), and (3.1). Equation (3.1) contains an adjust

able parameter k, which is varied in the computation to match the values 

of_ the average bed bubble voidage .calculated from the bed expansion 

relations [Eqs. (3 .11) and (3, 12)] and the average bed bubble v·oidagl:! 

obtained from bubble size relations [Eqs. (3.1), (3.9), and (3.19)]. 

The bed expansion and bubble diameters predicted by the code are 

compared with available experimental data. Experimental data on bubble 

growth in the range of operating conditions of interest in AFBC are scarce. 

However, preliminary results indicate that the proposed method for 

predicting bubble size is reasonable, provided one can estimate bed 

expansion accurately. 



4. LIMESTONE-COAL ASH ELUTRIATION AND ATTRITION MODEL 

4.1. Background 

The elutriation, or entrainment, of particles is a common problem 

in all fluidized-bed reactors. This problem stems from the fact that the 

fluidizing gas velocity usually exceed~ the terminal velocities of the 

finer particles in the bed. These finer particles may come from the bed 

itself as part of the feed or.may be generated in the bed from attrition. 

Attrition is the reduction of solids particle size by abrasion (grinding) 

of the particles with the walls, with the internals, and among themselves. 

In fluidized-bed combustion, the major loss in combustion efficiency is 

due to elutriation of unburned carbon fines in the flue gas. These solids 

must be removed from the flue gas to maintain a high combustion efficiency. 

Also, the amount of the fines and their size distribution should be known 

in order to properly design the solids removal system. These considerations 

dictate the need for accurate estimation of the attrition and elutriation 

rates for the bed material (coal char, coal ash, and limestone sorbent). 

It is generally accepted that there is ~ critical particle size in 

the bed below which all particles are blown out of the bed. This size 

would be expected to be the particle size having a terminal velocity 

equal to or less than the superficial velocity. However, experimental 

observations (Merrick and Highley 1964 and Geldart 1979) indicate that 

particles with terminal velocities larger than that of the superficial gas 

are also carried over. thus further complicating the analysis. 

Both attrition and elutriation processes depend on the system and 

operating variables.. Some of the more significant among these are 

• physical properties of solids - friability, density, and size 

distribution; 

• feed system configuration - elbows and bends, pipe length, pipe 

diameter, and solids transport velocity; 

• bed hydrodynamics - bubble size and bubble velocity, viscosity of gas, 

density of gas, bed diameter, bed internals, and mass flow of gas; and 

29 
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• freeboard conditions freeboard dimensions, mass flow of gas, and 

freeboard temperature. 

Each of the above affects the amount of solids blown out of the bed. 

Qualitatively, the effect of these variables can be stated, but quantita

tive predictions are yet difficult. A limited number of correlations 

have been proposed for predicting attrition and elutriation rates for 

limestone and coal ash. However, these rate expressions are system 

specific and have limited application. There are no correlations available 

to estimate the attrition and elutriation rates of co.<il char. The pro

cedure for estimating the rates for coal char is rlPscribed in Chap. 5 of 

this report. 

In this section, an attrition and elutriation model is developed. 

The model considers only limestone and coal ash. The experimental 

correlations developed for limestone and coal ash are discussed next. 

4.1 .. 1 Attrition 

Solids ·loading and size distribution due to attrition are generally 

difficult to estimate. The rate constant is assumed to be related to 

the particle diameter d • the difference in the s11perficial velocity and 
p· 

minimum fluidization velocity Un - Umf' and the bed mass WE. 

Preliminary estimates from experimental data indicate that roughly 

4% of the bed weight is attrited in 1 h (Newby et al. 1978). Results 

from the Westinghouse fluidized-bed data on limestone have been correlated 

(Newby et al. 1978) as follows: 

FATT K (U umf)-r 
-n (4.1) ATT o 

where 

FATT attrition rate, g/s, 

KATT attrition rate constant, 

n constant, 

T = residence time of particles in the bed, s, 
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U superficial gas velocity, emfs, 
0 

U minimum fluidization velocity based on mean bed particle 
· mf 

size, cmf s. 

The attrition rate constant KATT is of the order of 3 x 10-4 , and n is 

given as 0.7. Cfliberti, Ranadive, and Keairns (1979) proposed the 

following expression for sorbent and coai ash: 

[d(dp)fdt] sorbent (4. 2) 

where KATT is 1.9 x 10-5 s- 1 for coal ash and 5.7 x 10-6 s- 1 for sorbent, 

d(d )fdt is rate of change of particle radius with respect to time, p . 
emfs, and d is diameter of particle, cm. 

p 
Equation (4.2) assumes that attrition does not appreciably affect 

particles with a diam.eter of less than 0.1 cm (1000 µm). The equation was 

developed from case studies (cases A-Z) described in the Stearns and 

Rogers.title report I and is not based on experimental data from operating 

FBCs. 

Merrick and Highley (1974) propose the following expression for 

coal ash and lime~tone attrition: 

(4. 3) 

where FATT is the rate of solids formed due to attrition, gfs, KATT is 

9.11 x lo-8 cm- 1 for coal ash and 2.73 x 10-8 cm- 1 for limestone, and 

WB is the mass of the bed, g. 

The above expression gives the total mass of· solids produced in the 

bed per unit time due to attrition. For each particle size fraction dpi 

in the bed, the rate of change of diameter with respect to time is 

estimated from 

[d(d .)]fdt . p1 (4. 4) 
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where fdp is the fraction of particles in the bed smaller than dp. The 

k is defined as the rate constant such that the total rate of abrasion 
ATT 

in the bed is equal to that given by Eq. (4.3). Equations (4.3) and 

(4.4) were derived from experimental observations made .in the National 

Coal Board (NCB) FBC. 

4.1.2 Elutriotion 

Correlations for predicting elutriation rates are based on the 

definition of the elutriation rate constant, defined as 

where 

K(J:{) 

K(R) 

pB(R), P2(R) 

(4. 5) 

total rate of elutriated solids (see Fig. 4.1), g/s, 
-1 = elutriation constant, s , 

differential particle size of bed and elutriated 
-1 solids, respectively (see Fig. 4.1), cm , 

R = particle radi.nR, rm. 

Experimental data on elutriation rates obtained in both batch and continuous 

fluidized-bed reactors have been correlated by several inveBtigators. 

These correlations, presented in Table 4.1, are usually developed in terms 

of the rate of solids leaving per unit surface area of the bed [K*(R)]. 

These constants can be converted to the constant in Eq. (4.5) as 

K(R) .. [K* (R) A ] /WB , 
XS 

(4. 6) 

where A is total cross-sectional area of the bed, cm2• Except for thP. 
XS 

Highley and Merrick and Wen and HaRhinp,er correlationn, All othe~~ w~re 

developed for solids other than coal char, limestone, and coal ash. Wen 

and Hashinger obtained the data for coal and glass beads in a batch system 

in columns of 51 and 10. 2 cm di;:nn. The Highley and Merrick (1971) data 

were obtained in a 30.5- by 30.5-cm fluidized-bed combustion pilot plant 

with coal ash and sorbent as bed material. A new correlation different 

in form from the previous correlations was developed. 
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Fig. 4.1. The fluidized bed operated at steady state. 

In the design of the solids removal system, it is desirable to know 

a priori the height in the freeboard beyond which the elutriation ·rate 

of solids is constant. This height is referred to as the transport 

disengaging height (TDH). Above the TDH, the entrainment rate of particles 

is relatively constant and presumably is equal to the maximum saturation, 

dilute-phase:, particle-carrying capacity· of the gas stream at .its· super

ficial velocity. The TDH is strongly influenced by the gas properties 

at freeboard conditions, the bubble size at the bed surface, the presence 

of internals in the freeboard, and the solid properties. The TDH can be 

calculated by following the procedure outlined by Zenz and Weil (1958). 

However, the method was developed for fluidized-bed catalytic cracker (FCC) 

catalyst in the 11- to 168-µm size range in a two-dimensional bed, and 

its applicability for AFBC is questionable. Amitin et .aL .. (1968) .proposed 

the following correlation for estimating TDH: 

TDH o.141u1.2(22.4 - 1.2 lnu ) 
0 u 

(4. 7) 
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Table 4.1. Some commonly used correlations for entrainment 

Yagi and Aochi (1955) 

K*gd 2 
p 

~----- = 0.0015 Re 0.6 + 0.01 Re 1.2 
? t t 

µ(Uo - Ut)~ 

Wen Anrl HAshinger (1960) 

p (U - Ut) g 0 . 

1. 7 x 

Tanaka and Shinohara (1972) 

[ 

(TT _ TT ) 2JO . 5 KA' . . . t' 
(U ~ U) = 4.6 x 10-2· o d 

pg 0 t g p 

Msr.riok and Highley (1974) 

K* [- (ut_)0·5( umf. )o.2sJ TT- = A + 130 ClCp 10. 4 TT u - u .. 
Pg u o u mf 

Zenr. ;;.nd Weil (19 58) 

2 
u 

0 . 
Calculate --

gp2d 
s p 

K*. 
then use graph to find 

p u 
g 0 

--,-------------------------·--·--··--·---·- ---~~~ 

.. 
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where U is average freeboard superficial gas velocity, emfs. If this 
0 

expression is used at AFBC ~onditions, the TDH is found to be 12.21 m 

(40 ft), which. is quite unlikely. A rule of thumb given by an industrial 

source suggest~· allowing 60. 9 cm (2 ft) of freeboard height for every 

(30.48 emfs (l .. ft/s) superficial velocity in the bed to ensure operation ... 
above TDH. Based on this rule, the TDH is roughly one-half the TDH 

calcuJated fr0m_,$q• {4. 7). More data from pilot-plant-scale AFBC units 

are needed to establish a quantitative relationship for the TDH as .a 

function of operating parameters. 

4.2 Model Development 

Although the above relations for attrition and elutriation tend to 

be system .specific, they can be used to develop a mathematical model for 

these processes. Results from this model can then be compared with 

experime.ntal data to establish a better understanding of the factors 

affec.ting attrition and entrainment. In this section, the assumptions, 

equations, arid computational method are given and discussed. 

4.2.l, Ass~mptions 

To develop the limestone-coal ash elutriation and attrition model, 

the following assumptions are made. First, the system is assumed to be 

at steady state· (i.·~· .•· time invariant)·. Second, the solids in the 

fluidized bed are assumed to be well mixed (back-mix flow), which implies 

that ther.e is no segregation of the limestone particles from coal ash 

partic~es. Third, the attrition rate expressions of Merrick and Highley 

(1~74) are assumed for.the limestone and coal ash particles: 

. dRf dt 

I{ ... ::.:··\cu 
ATT .o 

.... _ t::. . ·.·:-·: •. 

(4. 3) 

(4.8) 

'where R is the particlie radius, cm, kATT is the attrition constant, cm-1 ~ 
. and f is the fraction ~f particl~s in the bed smaller than radius R. 

w 

Fourth, the particle entrainment rate constants for limestone and coal 
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ash are also assumed to be those given by Merrick and Highley (1974). 

Specifically, 

x 
p U A 

g 0 XS 

WB 
(4.9) 

where A is constant, pg is the density of gas, and Ut(R) is the terminal 

velocity corresponding to the particle radius R (Kunnii and Levenspiel 

1977). Fifth, the clutrintion and aLL r· I I. l1Jn of r:he limcatone are assl.ln\ecl 

to be independent of the coal ash. This assumption implies that the 

elutriation and attrition constants for the sorbent are not affected by 

the coal ash and vice versa. Sixth, the fines produced by abrasion are 

assumed to be less than 125 µm (0. 005 in.) and are immed:l.a.tely entrained. 

Finally, the bed expansion is predicted by the IGT bed expansion equation 

(Babu, Shah, and Talwalker 1978). 

Of the above, the most important assumptions are the elutriation and 

attrition rate expressions. In this work the rate expressions of Merrick 

and Highley (1974) are chosen. These relations were developed from NCB 
data for a 30.5- by 30.5-cm (1- by 1-ft) AFBC with a 4-m (13-ft) freeboard 

and superficial velocities of 61 to 244 g/s (2 to 8 ft/s). As stated 

previously, the rate expressions are system specific and therefore do not 

account for differences in feed system, freeboard configuration, etc •. 

However, these expressions do have terms in them to account for bed and 

freeboard hydrodynamics. Specifically, the e.lutr.iation constant c1cpression 

[Eq. (4.9)) has the terms U f/(U - U f) ann Tlt(R)/TT
0

. The firat group 
m u m 

represents the ratio of the amount of gas passing through the emulsion 

phase to the amount passing through the bubble phase. SinGe the soJinR 

are thrown up in the fr.eeboard by the bubble, the fir8t group represents a 

measure of the amount of solids entering the freeboard. The second group 

represents the probability that a particle of radius R in the freeboard 

wlll fall back inio the bed. The attrition r.ate expression of Merrick 

and Highley has the term (U
0 

- Umf) in Eq. (4.3), which is a measure of 

the agitation due to bubbles (energy input)_ in the bed. At present, 

· .. 
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the work of Merrick and Highley represents the best available correlation 

for the estimation of attrition and elutriation. 

The sixth assumption implies that the fines (<125 µm) produced by 

abrasion are immediately blown out of the system. The fines produced 

by abrasion are the small particles broken off a control cone particle 

as it is reduced by the grinding action of other particles, which allows 

the abrasion products to be treated as a "pseudo" gas. Data from the NCB 

combustor seem to support the last assumption and also show that, for 

a given bed material, the size distribution is independent of both the 

bed size distribution and operating conditions. A typical distribution 

for fines given by Merrick and Highley is shown in Table 4.2. 

Table 4.2. Typical size distribution of attrition 
fines (Merrick and Highley 1974) 

Size range, µm 

Percent by weight 

125-63 

:w 
63-31 

20 

4.2.2 Limestone-coal ash performance equations 

31-16 

20 

16-8 

20 

The performance of the limestone-coal ash solids in the fluidized 

bed is determined by the following quantities (see Fig. 4.1): 

1. 

2. 

3. 

4. 

5. 

6. 

7. 

8. 

bed mass WB' 

differential bed size distribution PB' 

underflow rate F1, 

differential underflow size distribution Pl• 

overflow rate F2, 

differential elutriated solid size distribution p2 , 

attriliun Lines flow rate F and 
ATT' 

differential attrition fines size distribution pA. 

8 

20 

These quantities must be found for each solid component in the 

flu.idized bed (limestone-coal ash). The data required to find these 

quantities are the physical properties of the solids and gas, the feed 

rates Fo and size distribution of the solids in the feed, the superficial 

gas velocity through the hed, and the dimensions of the bed. The 
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equations used to determine the above quantities are developed-in this 

section. 

The total mass of limestone-coal ash solids in the bed is giv~n by 

L fA (1 - e f)p , m xs m s 
(4 .10) 

where 

Lmf height of bed at minimum fluidization, cm, 

A cross-se~tional arPa nf bed, cm2, -·xs 

emf voi.clA.EP. At" minim1.1m fluidi:zation, unitlcoo. 

p
8 

average density of solids, g/cm3. 

The bed height at minimum fluidization is determined by the bed expansion 

relation of Babu, Shah, and Talwalker (1978). The applicahility of this 

relation. was discussed earlier in the bubble-growth section of this report. 

The mass of the coal ash and limestone in the bed i~ determined by using 

the composition of the underflow. This composition- is determined by 

solving the general performance equations of a fluidized bed given by 

. Kunii and Levenspiel (1977). These equations consist of an overall 

material balance and a differential mass balance on par.tic.les between 

t:he sizes K and K + ctB.. The derivation nf thPsP Prp1::1tfonio i11 giv~n ·by 

Kunii and Levenspiel (1977) and is not repeated here. The overall mass 

balance equation of a.fluidized bed is given hy 

r 1 1 FL - Po - P ~f [3WBpB(R) R('K) dK]/K 
ATT All R 

~4.11) 

and the differential mass balance is given by 

d[R(R) pB(R)] 
FoPo(R) - F1P1(R) - WBK(R) pB(R) - WB dR 

3WBpB(R) R(R) 
+ ~~~~~~~ 

R 
0 , (4.12) 



where, 

R(R) 

Fo 

F1 

F2 

FATT 

Po(R) 

Pl (R) 

pB(R) 

R 

(dR)/(dt) 
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solids feed rate, g, 

underflow rate, g/s, 

total rate of elutriated solids, g/s, 

attrition fines flow rate g/s, 

differential feed size distribution, cm- 1 , 

differential underflow size distribution, cm- 1 , 

differential particle size distribution in the 

bed, cm- 1 , 

particle radius, cm, 

rate of change of particle radius due to attrition 

for particle radius R, cm/s, 

K(R) = elutriation constant of a particle of radius R 

[defined by Eq. (4.9)], 

WB = bed mas·s, g. 

The above notations are explained in Fig. 4 .1. From the sec.ond assumption 

listed above, 

and the differential balance can then be written as 

FoPo(R) + K(R) + _l_ dR(R) 
dR 

R(R) R(R) 
-lj p (R) R B 

(4.13) 

Finally, by definition ~f differential particle size distribution, 

r PB (R) dR = 1 . 
)All R. 

. ( 4. 14) 
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The term R(R) represents the rate of particle shrinkage due to attrition 

and is given by Eq. (4.8), and the term K(R) represents the elutriation 

constant given by Eq. (4.9). Because of the functional form of Eq. (4.8), 

the attrition rate decreases as the radius of the particle decreases. 

For some radius R (usually less than 500 µm) the attrition rate becomes 

negligible. At this point Eq. (4.12) can be simplified to calculate the 

particle size distribution in the bed as follows: 

FoPo(R) 
(4.15) 

Based on the fifth assumption, Eqs. (4.11) lo (4.15) apply separately 

to the coal ash solids and limestone solids in the bed. As a result, 

F1, F2 , WB, .and FATT can be obtained for the ash and sorbent separately. 

The total mass flow rates of product streams shown in Fig. 4.1 is the 

summation of the ash and snrbent material balance. 

4. 3 Code Input-Output ;rnci Computational Method 

Based on the above assumptions and equations, a computer code has 

been developed to complete the material balance for the limestone sorbent 

and coal ash. The input and computational scheme of this rn11ti.ne are 

given nnd discussed below. 

The required input parameters and their values are given in Tables 4.3 

t:O 4.5. These values are typical of the B&W/EPRT 183- by 183-cm (6- by 

6-ft) AFBC (B&W l 979a); Tables 4. 4 and 4. 5 give the size distri.huti nn 

of coal aslt and limestone sorbent, respectively, as fed to the bed. These 

size distributions are used to r~lculate the differential size distribu-

tions of the feed particles [p 0 (R)], which are input to Eqs. (4,13) and 

(4 .15). ·The function Po (R) i R ciP.tPrmined by curve-fittinE thP gi,ren 

feed size distribution and then taking the derivative of the resulting 

curve at discrete points. The coal ash feed distribution given in 

Table 4.4 is shown in Fig. 4.2. The size distribution was estimated from 

the data for a 1/8- by 0-in. coal ash given by Merrick and Highley (1974). 
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Table 4.3. Computer input parameters for the limestone-coal 
ash elutriation and attrition.code 

Variable Value 

· RHOA 3.0 

RHO SB 2.6 

RHOG 0.00032 

MU 0.00045 

EMF 0.4 

AXS 33445.1 

uo 243. 7 

HF 121. 2 

DM 0.16 

DML 0.16 

DMA 0.10 

FRSB 0.96 

FLSO 94.5 

FAO 16.9 

SFLS 0.83 

SFAS 0.83 

AKSB 2.73 x lo-8 

AKAS 9.11 x l0- 8 

NLS 9 

DLS Table 4.5 

YLS Table 4.5 

RLSMIN 20 

RLSMAX 3280 

XSBI 20 

NAS 6 

DAS 'l'abie 4.4 

YAS Table 4.4 

RAS MIN 20 

RAS MAX 2720 

XASI 20 

Definition 

Density of the coal ash (g/cm3) 

Density of sorbent (g/cm3) 

Density of gas (g/cm3) 

Viscosity of gas (g/cm-s) 

Voidage at minimum fluidization 

Cross-sectional area of bed (cm2 ) 

Superficial velocity (cm/s) 

Expanded height of bed (cm) 

Average diameter of particle in bed (cm) 

Average diameter of sorbent in bed (cm) 

Average diameter of coal ash in bed (cm) 

Weight fraction of sorbent in bed 

Feed rate of sorbent (g/s) 

Feerl r.ate of coal ash (g/s) 

Shape factor for sorbent 

Shape factor for coal ash 

Overall attrition constant for sorbent 

Overall attrition constant for coal ash 

Number of values of sorbent feed size 
di8tributiou 

Diameters of feed sorbent (µm) 

Size distribution of feed sorbent 

Minimum radius of sorbent in bed (µm) 

Maximum radius of sorbent in feed (µm) 

Interval used in the integration of 
Eq. (4~13) (µm) 

Number of values of coal ash feed size 
distribution input 

Diameters of feed coal ash (µm) 

Size distribution of feed coal ash 

Minimum radius of coal ash in bed 

Maximum radius of coal ash in feed 

Interval used in integration of 
Eq. (4.13) (µm) 

(µm) 

(µm) 



Table 4. 4. 

Particle diameter 
(µm) 

4000 

2000 

1000 

500 

250 

125 

42 

Size distribution of coal ash 

Weight fraction of solids 
passing through 

0.94 

0.83 

0.68 

0.54 

0.4 

0.27 

Table 4. 5. Sh;c di.!!tribution uf feed surbenc 

Particle diameter 
(µm) 

6350 

4750 

2380 

1190 

595 

297 

14Y 

74 

44 

Weight fraction of solids· 
passing through 

0.982 

0.87 

0.607 

0.421 

n, ?7? 

0.173 

0.110 

0.077 

0.059 

The size distribution of the ash can he satisf ac.torily fit by a straight 

line on semilog paper. The equation has the following form: 

R = Ae"Ry , (4.19) 

where y is the mass fraction passing through the screen, A and B are 

constants, and R is the radius of particle. This form is different from 

that used to fit the size distribution of the limestone. The limestone 

size distribution given in Table 4.5 is also shown in Fig. 4.2 and cannot 

be fitted by a straight line on semilog paper. Fie11rP 4.3 shows the 
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Fig. 4.2. Log-log plot of size distribution of coal ash and 
limestone feed to the bed. 

limestone and ash size distributions plotted on log-log paper. A straight 

line can be drawn through the limestone points but not through the ash 

points. Thus, for the limestone feed particle size distribution, the best· 

fit can be obtained from the following form: 

(4.17) 

The curve fitting is done automatically by the code. 

~igur.e 4.4 shows the overall computational scheme of the code. 

The weight of the sorbent and coal ash in the bed is calculated, based 

on an assume<l hed composition. This composition is.then checked by 

completing the coal ash and sorbent material balance. The coal ash and 

limestone sorbent material balance is completed by subroutine ZAPl. The 

logic diagram is shown in Fig. 4.5. Initially, in this routine the to~al 

attrit.ion rate is calculated via Eq. (4. 2). Next, initial estimates of 
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Fig. 4.3. Semilog plot of size distrib\ltion of coril ash and 
limestone feed to the bed. 

the attrition constant in F.q. (4.8) and the overflow rate F2 are made. 

Starting at the maximum particle radius R in the feed, the bed dif,feren-max 
tial particle size distribution pB(R) is determined by solving Eq. (4.13) 

at specified intervals between R and the minimum particle radius R . max m1n 
in the bed. The initial boundary condition is that the bed differential 

particle size distribution of the m:=ndmum radius particle be zero. Since 

all particles are undergoing a size reduction, this condition would appear 

to be a reasonable assumption. The values of pB(R) are then inteerAted 

between the maximum and minimum radii. By the definition, this quantity 

should have a value of l; if not, the overflow from the bed F2 is varied 

until Eq. (4.14) is satisfied. If the above condition is met, the total 

attrition rate is. calculated via Eq. (4.2) and is compared with the 

integral of the attrition rates found at each radius R [Eq. (4.11)]. The 

integral of Eq. (4.11) is evaluated between the maximum and the minimum 
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STOP 

Fig. l1, l1. Overall computational scheme of the limestone-coal 
ash elutriation and attrition code. 
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Fig. 4.5. Computation scheme for routine ZAPl. 
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radii. If the two rates are not equal, the overflow rate F2 and the 

attrition constant in Eq. (4.8) are varied until agreement is obtained. 

When this agreement occurs for both the coal ash and limestone sorbent 

components, the following quantities are known: 

1. bed mass WB' 

2. differential bed size distribution pB, 

3. ·underflow rate F1 , 

.4. differential underflow size distribution Pl, 

5. overflow rate F2, 

6. differential elutriated solid~ size distribution-p2, and 

7. attrition fines flow. rate FATT. 

The size distribution of the attrition fines is not calculated in 

this code. At present, the distribution of these fines is assumed to be 

the same as that given in Table 4.2. Typical values of output obtained 

from the code are listed in Table 4.6. 

Table 4.6. Computer output from the limestone-coal ash 
elutriation and attrition code 

.Definition Variable Limestone Coal ash 

Underflow Fl 66.3 g/s 5 g/s 
(526.2 lb /h) m (39. 4 lb /h) m 

Elutriated solids F2 12.5 g/s 8.7 g/s 
(99.2 lb /h) 

m (69.0 lb /h) m 
Attrited solids FATT 15.8 g/s 3. 3 g/s 

(12.5. 4 lb /h) 
m (26. z lb /h) . m 

Bed mass WBED 3,218,366 g 214,834 g 
(7095.2 lb) m (473.6 lb ) . m 

Surface mean DP 1550 µm 1062 µm 
.particle size (0. 061 in.) (0.042 in.) 

4.4 Results and Discussion 

The results from the code are compared with data obtained from the 

B&W/EPRI 183- by 183-cm AFBC. This comparison is used to analyze the 

attrition and elutriation phenomena in a large-scale FBC. Only a limited 
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comparison of model results is given. More extensive comparisons are 

planned for next year. 

The output material balance information obtained from the code is 

given in Table 4.6. The total solids being "blown out" of the bed consist 

of two types: solids fed to the bed with a size small enough to be 

quickly elutriated and particles formed into such size by attrition. In 

this model the assumption is made that all attrition products are 

elutriated. A comparison of the model output with B&W's data (B&W 1979a) 

is given in Table 4.7. The B&W runs were without reinjection of thP. 

elutriated fines. Figures 4,6 and 4.7 Rhow rhc size distribution of 

the bed as calculated by the code for rhP limestone solidc .:md the cot:tl 

ash. 

The comparison in Table 4.7 shows that the current code underpredicts 

the total solids "blown out" of the bed by 23% and overpredicts the total 

underflow from the bed by 36%. The overall material balance for limestone

coal ash components from the experimental data is also compared with the 

Table 4.7. Comparison of attrition-elutriation 
cone rt:~sults with B&W data 

Tu1.:al solids "blown out" 

Feed limestone-ash 
solids "blown out" 

Bed mass 

Underflow 

Total limestone and coal 
ash feed 

Total sorbent and coal 
ash leaving bed 

Closure on material 
balance 

B&W 

Y~.4 g/s 
( 415. 9 lb /h) 

m 

47.0% 

3.295 x 106 g 
(7264.1 lhfii) 

52.5 g/s 
(417 lb /h) 

m 

111. 4 g/s 
(884 lb /h) 

m 

105.0 g/s 
(834 lb h) 

m 

-5.7% 

ORNL 

40.3 g/s 
(319. 8 lb /h) 

m 

36.3% 

3. 4T:i x 106 g 
(75nR,3 lb ) 

m 

71. .1 e/f3 
(565. 87 lb /h) ·m .. 

111.4 g/s 
(884 lb /h) 

m 

111. 6 g/s 
(886 lb /h) 

m 

0.2% 

Difference 
(%) 

23.l 

4.0 

36.0 

0 

6.3 
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Fig. 4.6. Particle size distribution for limestone s~lids. 

balance obtained from the model. The closure is acceptable ·(<10%) in· both 

cases. Also, as stated previously, a preliminary estimate for the 

limestone sorbent indicates that roughly 4% of the bed mass is attrited 

in 1 h. The calculations based on this estimate yield an attrition rate 

for the overall bed of 35.6 g/s as compared with 15.8 g/s predicted by 

the model. These results imply that the correlations of Merrick and 

Highley (1974) are not predicting the rates of attrition and elutriation 

accurately. 

To resolve these disagreements~ the data from the B&W experimental 

series 5 and 6 (B&W 1979a) were analyzed and correlated. ·Specifically, 
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Fig. 4.7. Particle size distribution for coal ash solids. 

the total rate of limestone solids elutriated ·and the rate due to 

attrition were calculated from the data. This was done by assuming that 

the bed drain (underflow) is all, lim~stone solids ;ind th;:it :ill li.me~tonfi 

particles below a certain critical size are blown out of the bed. The 

series 6 data were correlated by 

where 

( 4. 18) 

. 'l. 

FATT attrition rate, g/s, 

d (FD)= arithmetic average particle diameter.or limestone feed, cm, 
p 

U superficial velocity, cm/s, 
0 

T = weight space time (weight of the bed divided by limestone 

flow), h. 
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The data fit and the derived correlation are shown in Fig. 4.8. The 

correlation does not fit the series 5 data. Between series 5 and 6, 

the feed system was.modi.fied by enlarging some of the solid transport piping 

from 3.8.to 5.1 cm in diameter, which may account for the difference. 

The configuration of the feed system will have a significant effect on the 

attrition of solids fed to the bed. In most cases, pneumatic feed systems 

cause the size distribution of the limestone and coal entering the bed 

to be significantly different from that in the storage bunkers. This change 

is caused by numerous bends, elbows, and splitters in the pneumatic feed 

system. The solids undergo substantial attrition during transport. Con

sequently, a higher amount of solids is blown out of the bed. 

In analyzing the B&W d~ta another contradiction was noted. Highley 

and Merrick (1974) and Geldart (1979) reported that there is a c~itical 

particle size in a. fluid bed below which all particles are blown out of 

the bed. Only particles larger than the critical size remain in the bed. 
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For inert bed material such as ash and limestone, the critical particle 

is given by Highley and Merrick as 1.6 times the size of the particle having 

a terminal velocity equal to the superficial velocity. For the B&W/EPRI 

183- by 183-cm conditions, this particle size is about 1270 µm. Therefore, 

the size distribution of the bed material can be expected to start at 

about this size. Analysis of the B&W data shows that bed size distribution 

starts. at 300 µm and above for all r.1.1ns reported, which is contrary 

to the observations of Highley and Merrick and Geldart. This finding 

could be due to the decrease in the velocity of the gas as it passes 

t:hrough the treeboard convection section. No free.board cooling was present 

in Hi ghlP.)7 and M'1rriok' o bed, For the D&W 1lr1 I.rt, L he free board cooling 

lowers the flue gas temperature from approximately 1144 to 644 K (1600 to 

700°F), which results in an increase in gas density and a decrease in 

the flue gas velocity. The flue gas cannot carry the larger particles 

beyond the freeboard convection bundles. These particles disengage from 

the gas and fall down along the walls into the bed. The B&W data from 

series 4, 5, and 6 support this hypothesis. The data show that the size 

distribution of the cyclone catch is always 300 µm and less and that of 

the bed is always 300 µm and larger. It appears that particles larger 

than 300 µm but smaller than 1270 µm may be trapped in the b~d f reeboarrl 

convection sections and attrited down to 300 µm before they are released 

to the cyclones. Some results to support this hypothesis are shown in 

Fig. 4~6, in which the calculated bed particle size distribution is 

compared with the experimental bed particle size distribution (B&W's data). 

The shape of the particle size distribution curve cc;tlculated by the code 

is similar to that found with the no-fines recycle. However, the B&W 

experimental particle size distribution on the bed has the sh;:ipP that ii:; 

typical of fines recycle (Merrick and Highley 1974). Since ·no recycle 

of fines occurs in this series of tests, it is possible that fre.ehn;:ird 

cooling might have resulted in an indirect recycle of fines back to the 

bed. 

The above analysis of B&W's data shows that attrition and elutriation 

possibly depend on (1) feed system, (2) bed hydrodynamics, and (3) freeboard 

cooling. The Highley and Merrick equations for the attrition and elutria

tion were developed for a different feed system with no freeboard cooling. 
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At present, no generalized method exists for predicting the effect of 

the feed system and freeboard cooling on AFBC performance. To quantify 

these effects, further experimental studies will be required. 

4.5 Recommendations for Future Work 

As pointed out° in the previous discussions, accurate prediction of 

the elutriation and attrition results are very difficult at the present 

time. To improve the understanding of these phenomena, certain areas 

should be investigated. First, it is suggested that s.olids samples for 

size analysis be taken just bef~re the solids enter the bed so that 

correlations can be developed to predict separately the attrition occurring 

in the feed system and that occurring in the bed. Second, data on charac

terizing ·the solids loading in the freeboard should be taken. Specifically, 

expressions for prediction of the TDH in terms of particle size, particle 

density, and gas properties should be developed. Also, the solids thrown 

into the freeboard just above the bed surface should be related to the 

bubble size, bubble velocity, bubble frequency, fraction of surface area 

occupied by the erupting bubble, etc. Finally, accurate rate expressions 

for attrition of coal ash,. limestone and char particles, and elutriation 

should be developed. These expressions should relate attrition and 

elutriation to in-bed phenomena and particle-gas properties. 

4.6 Summary 

In fluidized-bed combustion, the major loss in combustion efficiency 

is due to elutriation ·of unburned carbon fines in the flue gas. The fine 

particles may come directly from the feed or be generated in the bed by 

attrition. The amount of fines and their size distribution should be 

known in order to properly design the solids removal system. The 

limestone-coal ash attrition and elutriation subcode allows estimation of 

the attrition and elutriation rates of the limestone-coal ash solids and 

the size distributions of the bed particles and elutriated particles. 

In the. subcode, several assumptions are made with respect to the 

solids. The solids in the bed are assumed to be completely mixed. The 

elutriation and attrition of limestone~oal ash are assumed to be inde-
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pendent of each other. The fines produced by attrition of a particle 

in the bed are assumed to be less than 125 µm and are immediately 

entrained. Based on these assumptions, the differential mass balance 

equations are written [Eqs. (4.12) through (4.16)] for limestone and 

coal ash separately. The attrition rates of limestone and coal ash are 

calculated from the rate expression of Merrick and Highley_ [Eq. (4.8)]. 

The elutriation .rate constants for the solids are crilculated from the 

Merrick and Highley correlation [Eq. (4.9)]. The particle si.ze distri

butions as fed to the bed are obtained from a curve fit of the input 

particle size distribution data. 

The computation is started by assuming an initial bed composition. 

This composition is then checked by completing the coal ash and sorbent 

material balance [Eqs. (4.12) through (4.16)]. If the assumed bed com

position and the calculated bed composition agree within a set tolerance, 

the computation is stopped. If not~ the bed composition is updated and 

the iteration is continued. The following quantities are determined by 

the code: 

• bed mass, 

• differential bed size distribution, 

• underflow rate, 

• differential underflow size distribution, 

• elutriated solids flow rate, . 

• differential elutriated solids size distribution, and 

• attrition fines· flow rate. 

The total mass flow rates of product streams are the summation of the ash 

and sorbent. 

The comparison of model results with experimental data from the 

B&W/EPRI 183- by 183-cm.AFRC unit shows that the model underpredicts the 

LuLal i:;ulids "blown-out:" of the bed by l:1% and overpredicts the underflow 

from the bed by 36%. The material balance closure is acceptable within 

±10% for both coal ash and limestone. The particle size distribution in 

the bed is a strong function of the attrition rate constant, which. is 

higher in the experimental system than is the rate constant calculated 

in the model. The predicted results also show that the feed system design, 

recycle of elutriated material, and freeboard cooling could cause a 

reduction in the bed particle size distribution. 



5. COAL COMBUSTION MODEL. 

5.1 Background 

Many parameters (operational and geometric) affect the amount of 

heat released and the amount of coal consumed in an AFBC. The main 

purpose of a c9mbustion model is to predict the rate of coal consumption 

in the AFBC at a given ·set of conditions. This quantity depends on 

(l)· coal devolatilization, (2) combustion of volatile products, (3) char 

··combustion, (4) bed hydrodyriamics, and (5) elutriation-attrition. 

D~~efopment of a combustion model requires that each of the above factors 

be quantified. In the following text the .background information used to 

quantify these phenomena is given and discussed, which includes discussions 

of coal devolatilization, volatile product combustion, and char 

c9mbustion. A summary of recent combustion models is also given. The 

background discussions for bed hydrodynamics and elutriation-attrition 

have been presented in Chaps. 3 and 4, respectively, of this report . 

. 5 .1.1 Coal devolatilization· 

As coal is heated, it initially undergoes thermal degradation into 

gaseous, liquid, and solid products. This process is referred to as 

devolatilization or pyrolysis, and, as it occurs, both the kind a.nd amount 

. _of a particular product formed are functions of the final temperature, 

heating rate, coal type, time, and gaseous environment. 

:." , .. Roughly speaking, devolatilization can be subdivided into two 

distinct thermal regimes:. slow decomposition and rapid decomposition. 

The termsc slow and rapid refer to the rate at which the coal is heated. 

[Nominally, slow decomposition is defined to occur when heating rates 

range Jrom 1 to 10°C/min, arid rapid devolatilization is assumed· to occur 

when heating rates are about 60,00U°C/min or greater (Anthony and 

Howard 1976). At this time no clear-cut definition exists as to where 

slow decomposition ends and rapid decomposition begins, although 

Johnson (1974) reported that slow decomposition may persist with heating 

rates as high a·s 6000°C/min. 

55 
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The fundamental difference between slow decomposition and rapid 

decomposition is that, when coal is rapidly heated, it generally tends to 

yield a higher fraction by weight of volatile product than it would if 

it were heated slowly. 

Extens·ive literature exists on the devolatilization of coal in the 

slow decomposition regime. Excellent reviews of the available literature 

are given by Field et al. (1967) ~ Yellow (1975), Gregory and Littlejohn 

(1965), Jones (1964), Howard (1963), Dryden (1957), and Dutta and Wen 

(1977). Although a ·considerable amount of data for slow decomposition 

11a.i:; been obtained, .a systematic analysis of these data such as to develop 

a model capable of predicting the yields of individual constituents 

evolved during devolatilization has not been undertaken. Indeed, thts is 

a formidable task, considering the wide variety of coal types and processing 

conditions available. About the only work in ~his area is that of T.m.rry, 

Landau, and Naugle (1941) , .in which a model to predict the volatile 

yields of gas, light oil, and tar as· a function of the ultimate and 

aFproximate analysis was obtained. Unfortunately, no additional method 

has been subsequently developed to predict either the gas composition or 

the charactet"istics of the t;:ir ;:inn light oil calculated from the 

correlation of Lowry, Landau, and Naugle (1941). 

Unlike ~low decomposition, which has .a long history and vast literature, 

rapid decomposition is a relatively. recently observed phenomenon and is 

only now being comprehensively examined. Workers at the Bristish.Coal 

Utilization Research Association (BCURA) cite the work of Shapatina, 

Kalyuzhani, and Chukharov (1961) as being the earliest in the field. 

Subsequent research, .confirming the general nature of. the phenomenon, has 

been performed by Badzioch (1961), Loison and Chauvjn (lqn~), Howard 3nd 

Essenhigh (1967), and Kimber and Gray (1967). 

Most of the "advanced design" coal gasification and combustion 

processes involve the injection of coal particles into either a fluidized 

bed or an entraining gas stream. In these modes of operation, the coal 

is rapidly heated and consequently undergoes rapid devolatilization. 

This decomposition tends to produce a greater volatile yield than that 

obtained by the alternative slow decomposition route, as indicated by 

the proximate analysis test. 
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The product yields from rapid devolatilization are strongly 

influenced by the final temperature, coal type, and gaseous environment. 

At this time, it is unclear how sensitive these yields are .to the heating 

rate. In fact, the work of Anthony et al. (1976) has indicated that 

volatile yields from both a subbituminous coal and a lignite appear to 

be insensitive to changes in the heating rate when it is in the range of 

650 to 10,000°C/s. In terms of product distribution, it has been generally 

observed that rapid heating tends to increase the tar fraction and that 

higher temperatures decrease the tar to gas ratio (Sass 1974, Peters and 

Bertung 1965, and Loison and Chauvin 1964). 

At least the following three questions must be answered to describe 

the devolatilization process: 

L Where and how are the volatiles released in the bed? 

2. How much of the coal is released as gaseous volatile products? 

3. What are the compositions of the gaseous volatile products? 

Because of the complex nature of these phenomena, no clear answers 

currently exist to these questions. But assumptions about the nature of 

the volatile release process and models for predictiqn of yields have 

recently been proposed. Specifically, to answer where and how the 

volatiles are released, many investigators have assumed the devolatili

zation to occur instantaneously in the bed, which may be reasonable for 

small particles (<100 µm). However, as pointed out by Rajan, Krishnan 

and Wen (1978) and by Beer et al. (1978), this assumption is not justified 

for large particles in the millimeter-size range. For large particles 

the devolatilization time can be comparable with the mixing time in the 

bed (10 to 15 s), which can result in uniform release of volatile products 

throughout the bed. Furthermore, under fuel-rich operations the 

assumption of instantaneous devolatilization at the coal feed point is 

indeed questionable. In the absence of reliable kinetic data and product 

analysis resulting from devolatilization in FBCs, the devolatilization 

step cannot be adequately incorporated in FBC models. Determinate 

approaches (Beer et al. 1978, Rajan, Krishnan, and Wen 1978, Park, 

Levenspiel, and Fitzgerald 1979, and Wen and Chen 1979) have been taken 

to model this phenomenon. 
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In addition, recent attempts have been made to model the yields and 

composition of the volatile products. Pitt (1962) suggested that rapid 

devolatilization can be modeled by a series of first-order independent 

reactions. Anthony et al. (1976) extended this theory by suggesting 

that rapid decomposition be modeled in terms of an infinite set of 

parallel reactions in which the activation energy is assumed to follow · 

a Gaussian distribution. Although this model is useful for estimating 

the total amount of volatile yields, its utility is limited by the fact 

that it fails to provide information on individual constituent yields. 

These data are of critical importannP., particularly in predicting local 

reducing-oxidizing conditions in the hP.n Ann also in local hot opots. 

Fortunately, the work of Anthony et al. (1976) has served as a basis for 

Suuberg, Peters~ and Howard (1977) t0 develop an algor.ithm for computing 

the individual product yields occurring from the rapid pyrolysis of 

Montana lignite. Using the independent parallel reaction concept and the 

simple decomposition scheme 

av .. Id t = k . (V . • - v .. *) , 
1] J 1] 1] 

(5.1) 

V .. * =ultimate yield Of product i from reaction j Rt time t, Wt%, 
1] 

Vij = cumulative yield of product i from reaction j at time t, wt %, 

k. kinetic constant of reaction j,.s-1 , 
J 

t'. time, s. 

Appropriate kinetic constants derived for CO, co2 , CH4 , c2H4 , hydrocarbons, 

tar, waler, and hydrogen appear in Table 5.1. Meyer et al. (1979) recently 

simplified Suuberg;s model by assuming that the lignite is subject to a 

constant heating rate and that the kinetic constant is of Arrhenius form: 

V .. • V .. * exp[-(k. T2/mE.) exp(-E./T)] , 
1] 1] JO J J 

(5. ?.) 
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Table 5 .1. Kinetic parameters for lignite 
pyrolysisa 

Ei v~ 
Product Stage (kcal/mol) Log (kio/s-1) [wt % of li~nite 

C02 1 36.2 11. 33 6.12 
2 64.3 13. 71 2.90 
3 42.0 6.74 l.17 

co 1 44.4 12.26 1.90 
2 59.5 12.42 5.74 
3 58.4 9. 77 2.42 

CH4 1 51.6 14.21 0.36 
2 69.4 14.67 0.99 . 

C2H4 1 74.8 20.25 0.16 
2 60.4 12.85 0.44 

Heb 70.1 16.23 1.02 

Tar 1 37.4 11.88 2.63 
2 75.3 17.30 3.14 

H20 51.4 13.90 9.7 

H2 88.8 18.20 0.54 

Total 39.2 

a Source: Suuberg et al. (1977). 
b . 
· Hydrocarbons other than CH4 , C2H4, and tar. 

where 

V .. * =ultimate yield of product i by reaction j, wt%, 
1] 

cumulative yield of product i by reaction j, wt%, V,, 
1] 

k. = 
JO 

preexponential factor for reaction j, s- 1, 

E. 
J 

activation energy of reaction j, kcal/g-mo'l, 

m = heating rate, K/s, 

T = temperature, K. 

, I 

(dry)] 

The computed distribution of the various products versus temperature is 

shown in Fig. 5.1. 

In addition to the Suuberg model, a s:imilar model for the 

devolatilization of Illinois No. 6 coal has been derived by Reklaitis 
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ORNL DWG 78-9668 

TEMPE'.RATURE °F 

Fig. 5.1. Devolatilization products of dry Montana lignite versus 
temperature. 

et al. (1977) at Purdue. Using the available data on the char oil energy 

development (COED) process and the idea of an infinite set of parall~l 

reactions, the following kinetic parameters have been derived for the 

model: 

where 

V. - V.AG(a.T - b.) , 
1 i 1 1 

Vi* = ultimate yield of product i, wt %, 

V. cumulative yield of product i up to temperature T, wt%, 
1 

G = cumulative normal Gaussian di.st.ri.bution function~ 

a.,b. =constants for product i, K- 1 , dimensionless, 
1 1 

T = temperature, K. 

(5.3) 
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These parameters appear in Table 5.2, and the computed distribution 

of devolatilization versus temperature appears in Fig. 5.2. In the 

current combustion subcode, it was necessary to characterize the liquid 

product by the empirical formula C1Ho.sooOo.02s9· This formula was 

Product 

H2 
H20 
co 
C02 
CH4 
C2H4 
Oil 

Table 5.2. Kinetic constants for Illinois 
No. 6 coal pyrolysisa 

a· . l. 
(K-1) -bi v~ 

l. 
(wt % dry 

0.013293 11. 831 1.22 
0.011488 7.898 6.05 
0. 037222 30.801 4.07 
0.054738 43.921 2.22 
0.058159 46.236 3.88 
0.023264 17.448 1.54 
0.011632 8.317 18.52 

Total 37.50 

aSource: Reklaitis et al. (1977), Reklaitis (1978). 
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derived by Meyer et al. (1979) from the COED p'roj ect (Jones et al. 1972) 
' •L 

data. ,' ·~ I , 

I ·I 

'1 '. \I •",{ ,• 

It should be emphasized that devolatilization accounts fcir 1 ~ 25 to 45% 

of the total weight loss during the combustiori process. Although true, 

it is probably the most poorly understood and inadequately described 

step in the combustion process. 

5.1.2 Combustion of volatile products 

At temperatures above 650°C in an oxidizing atmosphere, the rate 

of burning of volatiles is fast compared with the time required for 

volatile evolution. However, the combustion of the volatile products 

(CO. H?, CH4, C7H6, tar~ liquids, etc.) released in the emulsion phase is 

controlled by the availability of oxygen. Since the oxygen concentration 

in the emulsion phase is low compared with that in the bubble phase, the 

volatile produc~s in the emulsion phase first tend to form CO by partial 

combustion.with oxygen, whereas the volatiles exchanged to the bubble 

phase burn completely to C02 because of excess oxygen present in the 

bubble phase. 

Among the combustion reactions of the volatile products, the slowest 

reaction is the combustion of CO, 

(5.4) . 

The burning time of the volatiles will depend on whether the process is 

controlled by gas film diffusion (diffusion through the volatile film 

formed around the particles immediately after pyrolysis) or by the 

oxidation of CO. Howard and Essenhigh (1967) assumed that burning of 

volatiles occurs in both the interior of the solid and the laminar layer 

of gas surrounding the particles. Field et al. (1967), on the other 

hand, assumed that, because volatiles mix with oxygen at the particle 

surface and the burning rate is fast, the overall rate is limited by 

boundary layer diffusion. This subject has been treated extensively by 

several researchers (Field et al. 1967, Mulcahey and Smith (1969), 

Sarofim and Beer 1978). An alternative approach, as stated earlier, is 
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that the volatiles react rapidly to form CO and H2 and that the rate 

determining step is the CO oxidation reaction [Eq. (5.4)]. 

In FBC operation, there is a potential for high emissions of CO, 

particularly at bed temperatures below 1000 K (Campbell and Davidson 

1975., Basu, Broughton, and Elliot 1975, Gibbs, Pereira, and Be~r 1975). 

There is also evidence (Horio et al. 1977) that CO concentration in the 

emulsion phase is about a factor of 2 larger than the average space 

concentration. The extent of mixing in the bed will therefore be critical 

to establish conditions under which local reducing zones and/or local 

hot spots can prevail in the reactor; it will also influence the extent 

of freeboard combustion of CO and the char-NOx reduction reactions. 

Very little information is currently available on the effect of the feed 

size distribution and fines content in the feed on CO concentrations in 

the bed. Until such data become available, the validity of these 

single-particle combustion models will remain unresolved. 

5.1.3 Char combustion 

Burning of char, or the char-oxygen reaction, is the fastest among 

the char. gas reactions taking place in the combustor. Although the 

mechanism of char combustion is better understood than either the pyrolysis 

reaction or volatile combustion, the mechanisms of char combustion and 

product gas distributions around the burning char particle are very 

complex. This complexity is primarily due to the highly exothermic.and 

extremely fast nature of the reaction, which poses difficulties in 

experimental determination of the particle temperature, which can be 

100 to 200°C higher than the bulk gas temperature. Second, the rates of 

combustion are affected by the coal type, the particle size, and the pore 

structure, which change during the course of combustion. Consequently, 

kinetic studies are often limited to oxidation of small carbon or char 

particles at lower temperatures and pressures. Some of the earlier 

definitive models related to char combustion in fluidized beds are now 

discussed briefly. 

Avedesian and Davidson (1973) studied the mechanism of combustion of 

carbon particles (0.23 to 2.61 mm) in a shallow coal ash fluidized bed. 

Based on their observations, they suggested that 02 and CO burn rapidly 
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in a very thin reaction zone surrounding the particle, that carbon mon

oxide produced at the particle surface diffuses out toward the reaction 

zone, and that oxygen from the main stream' diffuses inand burns in a 

diffusion flame to produce co2 • According to these investigators, no 

CO appears in the main stream when there is an abundant supply of oxygen. 

The expression for the burning rate of a single particle was given by 

. 
m 

where 

241TShDd c0 p 2 

. 
m = burning rate of carbon particle, g/s, 

D 

d 
p 

C02 

Sh 

k 
m 

= 

molecular diffusion coef~icient in the gas phase, r:;.m2 /$, 

carbon particle diameter, cm, 

oxygen concentration in the particulate phase, g-mol/m3, 

Sherwood number, k d /D, mp 

mass transfer coefficient, cm/s, 

1T = 3.14. 

(5. 5) 

Campbell and Davidson (1975) later modified this model and conducted 

burning rate experiments with char and coke in the size range (1 to 3 mm) 

in a fluidized bed. Their modifed expression is given by 

. 
m = 12b1TShDd c0 p 2 

(5. 6) 

where the constant is defined as·2R/d and R is the r~dius of the carbon p 
particle reaction zone. 

Basu, Broughton, and Elliot (1975) and Basu (1976) conducted further 

experiments and concluded that the controlling mechanism may be a com

bination of diffusion and chemical kinetics. Their expression for the 

burnup rate is given by 

m = 481TDod c0 (1 + 12c
0 

/p ) , 
p 2 2 g 

(5. 7) 
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where o is the mean fractional void area around a burning carbon particle 

and p is the density of fluidizing gas, g/cm3. 
g 
Chakraborty and Howard (1978) performed combustion experiments in 

the temperature range of 1073 to 1173 K with carbon spheres in the range 

of 0.3 to 12 mm in a shallow fluidized bed (12.5 to 50 mm static bed depth) 

and computed burning rates from weight loss. They found that, within the 

range of operating conditions, combustion of particles was mainly 

kinetically controlled. 

These studies clearly show that the.mechanism of the char-oxygen 

reaction is determined by the particle size and temperature. Figure 5.3 

illustrates the various rate-controlling regimes in AFBC (Rajan, Krishnan, 

and Wen 1979). Figure 5.3 shows that the reaction can go to gas-film, 

diffusion-controlled if the temperature and/or particle size increases. 

On the other hand, if.the temperature and/or particle size decreases 

substantially, the reaction may proceed toward the chemical reaction 
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control regime and may take place uniformly throughout the internal pore 

surface of the particle. 

The reaction rate expression proposed by Field et al. (1967) for 

anthracites and brown coal is 

r c 

where kc is the overall rate constant and is given by 

k = [RGG (T + T )/2Mc]/(l/K R + l/K f) c p g c c 

where 

(5. 8) 

(5.9) 

kcR chemical reaction rate constant= 8710.exp(-35,700/RGTp), 

g/cm2-s-atm, 

k f = diffusion rate constant = 24nD/d RCG(T + T )/2, c . p . p g 

d surface volume mean diameter of char, cm, 
p 

D = molecular diffusivity, cm2/s, 

Rec universal gas constant, 82.06 atm-cm3/g-mol-K, 

'1' particle surtace temperature·, K, 
p 

. T~ = bulk gas temperature, K, 

M = ~tomic weight of carbon, g-moi, 
·c 

c
02 

= oxygen concentration in the main stream, g-mol/cm3, 

n mechanism factor. 

Of particular importance in the char-oxygen reaction is whether the 

primary product of the reaction is CO or both CO and co2• This question 

has been addressed by many investigators (Essenhigh 1961, Arthur 1951, 

Caram and Amundson 1977, Laurendeau 1978, and Field et al. 1967). 

The mechanism factor n in Field's rate expression [Eq. (5.8)] takes 

a value of 2 when CO is the direct product of the char-02 reaction, 

c + l/n o2 ~ (2 - 2/n)CO + (2/n - l)C02 , (5.10). 

and a value of 1 when co2 is the direct product. 
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Although several studies have been made to determine the value_ of 

n as a function of temperature, particle size, an~ carbon type, no 

quantitative conclusions can be drawn. 

Other rate expressions for combustion of char have been developed 

by Smith (1971), Smith and Tyler (1972), Mulcahey and Smith (1969), 

Ha~or, Smith, and Tyler (1973), and Dutta and Wen (1977). All these 

rate expressions are only approximations to the real combustion process, 

and the understanding of the phenomenon is far from complete. However, 

for order-of-magnitude calculations for char combustion, they appear to.be 

reasonable. 

5.1.4 Previous combustion models 

Models for fluidized-bed combustion are based on an appropriate 

model for coal combustion that describes the mechanism and rate processes 

by which a single particle of coal burns. This model is coupled with a 

model of the fluidized bed that describes the bed hydrodynamics, mass 

transfer, and heat transfer. Several models of fluidized-bed combustion 

have appeared in the literature. Table 5.3 represents a partial list of 

these models, detailed reviews of which can be found in Caretto (19.77) 

and in Wen and Tone (1978). Most of the models developed so far are 

bubbling bed models based on the two-phase theory of fluidization 

originally proposed by Toomey and Johnstone (1952) and later modified by 

Davidson and Harrison (1963). According to the theory, the fluidiZed 

bed consists of two phases: (1) a continuous dense particle phase 

(emulsion phase) and (2) a discontinuous lean gas phase (bubble phase), 

with exchange of gas between the bubble phase and the emulsion phase. 

The flow rate of gas through the emulsion phase is assumed to be the 

incipient fluidization velocity U f' and the excess gas U - U f flows 
m o m. 

through the bubble phase. The emulsion phase is considered to have the 

same void fraction as a bed at minimum fluidization. Extensions of the 

Davidson and Harrison model visualize, in addition, a tqin cl9ud of 

surrounding gas and solids around the rising bubble, with a trailing wake 

of solids at the bottom of the bubble. The cloud wake region is treated 

separately from the bupble and emulsion phases, and these models fall 

under the category of three-phase bubbling bed models. 



·Table 5. 3. :1assific3.tion of 111odels proposed for fluidized-bred comustion 

Model descriptic·n 

·Two-phase 
bubbling be·:! model 

Two-phase 
compartment in 
series mode.Ls 

Three-phase 
bubbling bed model 

l:ivest~g<tors 

Aved:sia:i ar:d 
Da;;idS·)n (19 '3) 

Gibb: (1~75) 
Camp:ell and 

Da;;ids-m (19'5) 
Gord:n a.'"ld 

Am=ds-:m, (19"6) 
Beck:r, ~eer, ~nd Gibl:s (1975• 
Baro:i, !fudges, and ~.arofin (l 97j) 

Hori-J and Wen :1977) 
Hori·l et al. (._977) 
Rengarajan, Kr~shnar., and Wen (19i9) 

Chen and 
Saxena (:971) 

Source: Wen and .T-~ne. (1978). 

Gas Eow pattern 

Bubble phase Emulsion phase 

Plug flog 

Plug flog 

C:implete 
mixing 

Clnplete 
mii.xing in 
e3.ch 
Clnpartment 

Plug flov 

Plug flow 

Complete 
mixing 

Complete 
mi>:ing 

Complete 
mixing in 
each 
compartment 

Plug flow 

Solids 11ixi11.5 in· 
tre bed 

Complete 11ixin5 

Complete. ai:<in.~ 
in each :ompar:ment 
with baco<flow. oJf 
solids f~om on-> 
compartn=nt to 
another 

Complete nixin:; 

Remarks 

Bubble diameter is assumed to be 
uniform throughout the bed in most 
cases and is an adjustable parameter; 
cloud and wake are combined in the 
emulsion phase; no combustion of car
bon in the bubble phase 

Bubbles grew along the bed height; the 
backflow solids mixing parameter is 
adjustable; cloud and wake are com
bined in the bubble phase; comb~stion 
of carbon ·occurs in both bubble and 
emulsion phases 

Cloud wake is treated as a separate 
phase and is in plug flow; solids in 
the cloud wake are at minimum fluidi
zation; bubbles grow along the bed 
height; combustion occurs in the cloud 
wake and.emulsion phases; isothermal 
condition thrcughout the bed 

O'\ 
00 



69 

All bubbling bed models require accurate expressions for prediction 

of the bubble characteristics, some of which are 

1. bubble diameter, dB, 

2. bed bubble fraction, EB' 

3. bubble rise velocity, uB' 

4. bubble phase volumetric flux, V'' 
B ' 

5. gas interchange coefficient from bubble to cloud, ~C' and 

6. gas interchange_ .coefficient from cloud to emulsion, KCE. 

The relationship among these and other parameter~ can be found .in Kunii 

and Levenspiel (1977). As can be seen, each of the above quantities is 

related to the bubble diameter dB. Bubble size .and the interphase gas 

exchange rate are the major uncertainties in bubbling bed models . 

(Werther 1978 and Yates 1975). At present, no reliable method exists 

for determinin·g the effective bubble size other than by data fitting 

(see bubble-growth section), which makes these models unsuitable for 

scale-up purposes (Werther 1978'). Other approaches for estimating 

bubble size and relating it to characteristic changes in bed hydro

dynamics due to changes in reactor geometry, ·operating pressure, and 

presence of internals in the bed, etc., are currently being pursued to 

gain further insight into the scale-up problem. 

Recently, the validity of the bubbling bed models for FBC systems, 

particularly for the designs and operating conditions envisioned for 

these systems (e.g., TVA's 20-MW AFBC pilot plant), has been questioned. 

Park, Levenspiel, and Fitzgerald (1979) recently proposed a radically 

different model. This model assumed that all coal particles fed to the 

bed devolatilize instantaneously, which forms a plume of volatile products 

above the feed point. These products ar~ subsequently combusted at the 

boundary of the plume. At present, these recent developmente have not 

been significantly reviewed and tested against experimental data, and 

their validity has not been established. 



70 

5.2 Model Development 

When coal is fed to an AFBC, the coal devolatilizes and the products 

(gas and char) are consumed by combustion. In fluidized beds, this 

process is affected by (1) bed hydrodynamics, (2) solids mixing, 

(3) solids attrition and elut:riation, and (4) ·kinetics of chemical 

reactions (devolatilization and combustion). The effects of the above 

factors on combustion are neither well understood nor quantized for a 

large-scale AFBC. To develop a combustion model, certain assumptions are 
.. 

required to take into account the above factors. These assumptions can 

be validated only by comparing the model predictions with experimental 

results. In the following, the assumptions, derivations of equations, 

and computational methods are given and discussed. 

5.2.1 Assumptions 

The following assumptions are made to develop a.coal combustion 

subcode. First, the FBC system is assumed to be at steady state (i.e., 

the conditions at a point in the bed do not vary with time). Next, two 

separate phases are considered in the model: the emulsion phase and the 

bubble phase. The emulsion phase is characterized as the region of the 

bed devoid of bubbles and containing the solids (limestone, coal ash, an4 

char). The solids present ii:i the emulsion phase are assumed to be well 

mixed (back-mix) •. Gas flow through the emulsion phase is in the upward 

direction and is in plug flow. The voidage of the emulsion phase is 

assumed to be the voidage corresponding to minimum f luidization in 

accordance with the two-phase theory. The velocity of the gas flow 

through the emulsion phase cor_re.sponds to the minimum· fluidization velocity. 

The reactions considered in the emulsion phase are 

1; c + 0.502 + co, 

3. C02 + C + 2CO, and 

4. devolatilization. 

The devolatilization reaction is assumed to occur uniformly throughout 

the emulsion phase in the bed. 
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For the prediction of the amount of carbon in the volatile gas, the 

pyrolysis models of Suuberg, Peters, and Howard (1977) and of Rekiaitis 

et al. (1977) developed for Montana lignite and Illinois No. 6 bituminous 

coal, respectively, are used. The carbon released during devolatilization 

is assumed to form carbon monoxide instantaneously. The carbon monoxide 

is then consumed by reaction 2, and the resulting char is consumed by 

reactions 1 and 3. These reactions are heterogeneous gas-solid reactions. 

Their overall rates are therefore dependent on both the chemical reaction 

rate at the solid surface (intrinsic) and the mass transfer rate of gaseous 

species to the solid surface. Specifically, oxygen and carbon dioxide 

are transferred to the surface of the particle, where they undergo reactions 

1 and 3, respectively •. The product carbon monoxide then diffuses back 

into the interstitial spaces, where it is consumed by reaction 2. The 

intrinsic rate for reaction 1 was based on the bituminous kinetics of 

Smith (1971). For the Boudard reaction (reaction 3) the estimate given 

by Caram and Amundson (1977) was used. The rate expressions for gas. 

species mass transfer to the surface was obtained from Field et al~ (1967). 

The kinetics for the gas phase reaction (reaction 2) was obtained from 

Horio, Moria, and Muchi (1977). These expressions are summarized in 

Table 5.4. The expression for reaction 3 (Boudard reaction) has been 

found to be ten times too high (Horio et al. 1977) and has therefore been 

reduced by a factor of 10 in the code. For both heterogeneous reactions, 

the particle surface temperature was calculated via a heat balance between 

the particle and surrounding gas (Smith 1971): 

2k (T - T )jd + eT (T4 - T4) g p g p s p. g.' (5 .11) 

where 

Ri rate of C + 0.502 +CO, amount of .carbon consumed, g-mol/cm2-s, 

6~·= heat of reaction, cal/g-mol of carbon, 

k gas thermal conductivity, cal/cm~s-K, 
g 

T = surface temperature of particle, K, 
p 

T = gas temperature, K, 
g 

·~ ,, 

~. ' . ' },:~ ,.11, • 
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3. C02 + C + 2CO: 

1. C + 0.502 +CO: 

Table 5. 4. Reaction rate expressi·Jns 

Chemical re:acticn rate constants (intrinsic) 

0.67 exp(-lE,COO/RGTp) [=] 
g-mol carbon consumed 

4.~ x 101 0 g mol carbon consumed = exp(-59,LOO/RGT ) [=] .... _-_______ _ 
:R.GGTg g ;· cm--s-atm 

Mass transfer ;:""eaction rate constants (Field et al. 1967) 

lq 11 = _4_D __ 
d R T 

p .GG g 
[=] 

g-mol carbon consumed 

cm2-s-atm 

2. CO+ 0.502 + COz: k2M = 0 

3. C02 + C + 2CO: M 
k':· = 

~· 

LD [=': g-rr:ol carbon consumed 

dpRGGTg cm2-s-atm 

(5.12) 

(5 .13) 

(5.14) 

(5 .15) 

(5.16) 

-...J 
N 



Table 5.4 (continued) 

Overall reaction rate constants 

1. C + 0.502 + CO: Rl
T __ -,.--~~l~~--, EMUL g-mol carbon c·on·sum·ed 

( 
I M) 

C02 RGGTg [=] 
:/k1 + l/k1 cm2-s 

(5 .17) 

2. CO + 0.502 + C02: R/ k I(cEMUL)
1

'
2

(cEMUL)( EMUL)l/2 [=] 
g-mol co consumed 

2 H20 CO C02 cm3 of gas-s 
(5 .18) 

3. C02 + C + 2CO: R3T = 
1 r-EMUL [=] g-mol carbon consumed 

(1/k3I + l/k3M) "co~ 
RGGTg 

cm2-s 
(5.19) 
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• I . 

d 
p 

diameter of particle, cm, 
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e = particle emissivity, dimensionless, 

•s =Stefan-Boltzmann constant, cal/[cm2-s-(K)4] . 

In addition to the emulsion phase, the bubble phase is present 

throughout the bed •. The bubbles are assumed to be devoid of all solids, 

and the only reaction occurring in the bubble phase is the combustion of 

carbon monoxide (reaction 2). The rate constant of this reaction is 

given in Tabie 5.4. Also, the bubble is assumed to have a very thin 

cloud. This assumption, which is reasonable for a large-particle, 

high-superficial-velocity operation, allows the interchange coefficient 

between the bubble phase and the emulsion phase to be estimated from the 

Davidson model (Davidson and Harrison 1963): 

where 

~E = gas interchange coefficient, l/s, 

Umf minimum fluidization velocity, cm/s, 

dB • bubble diameter, cm, 

D = molecular diffusivity, cm2 /s, 

g gravitational acceleration, cm/s2 • 

(5.20) 

The bubble size and velocity are estimated from the ORNt bubble-growth 

model described in this report. Two types of bubbles are assumed to be 

in the bed: fast and slow. Slow bubbles are voids in the .bed, traveling 

upward at a velocity of less than the interstitial velocity of gases in 

the emulsion phase. This region is generally found right above the 

distributor plate. The gases.flow through these voids and are not 

trapped in the voids. At a 10-cm height [calculated via the criteria 

given by Catipovi~, Jovanovic, and Fitzgerald (1978)], the bubble velocity 

increases to a velocity greater than that of the interstitial gas. This 
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type of bubble is characterized as a "fast" bubble. In addition, it was 

assumed that the elutriation of char from the bed can be characterized by 

the elutriation constant of Wen and Hashinger (1960). 

Devolatilization of the. coal accounts for 25 to 45% of the total 

coal consumption. For this reason, the devolatilization model and the 

location where the volatile gas products are released in the bed are very 

import~nt. In this work, the devolatilization models of Suuberg, Peters, 

and Howard (1977) and Reklaitis et al. (1977) are chosen. At present 

these models appear to be reasonable for estimating the total volatile 

yield and yolatile composition. The location of volatile release in the 

bed depends on the rate of devolatilization and the solids mixing in the 

bed. In this work, _the vo_latiles are assumed to be released uniformly 

throughout the bed. Fitzgerald et al. (B&W 1979b) give data showing that 

the devolatilization time of a coal particle is a fun_ction of particle 

diameter. Specifically, their experimental measurements show that a 200-µm 

coal particle requires less than 1 s to devolatilize .and that a 3000-µm 

particle requires as much _as a 6 to 10 s to devolatilize. This finding 

implies that fines in the feed are devolatilized rapidly but that large 

particles require longer. Fitzgerald also gives the mixing time of a 

fluid bed as about 15 s, which implies that the coal feed particles are 

uniformly distributed through the bed at the end of 15 s. Highley and 

Merrick (1971) found that a fluidized bed required 10 to 40 s to become 

well mixed. 

Solids mixing in a fluidized bed is due to the passage of gas bubbles 

upward through the bed, which induces both lateral and axial mixing. 

Kunii and_Levenspiel (1977) show experimental evidence that vertical 

mixing is about an order of magnitude greater than is lateral mixing. 

Data presented by Highley and Merrick (1971) for a 1.5-m-diam (5-ft) coal 

ash bed show that particles entering the bottom of the bed make their way 

rapidly c~2 s) to the surface of the bed, which implies that coal feed 

at the QOttom of the bed is.carried rapidly to the surface of the bed. 

During this rise, the finer coal particles are completely devolatilized, 

but the larger particles are only partially devolatilized. Once these 

particles reach the surface, two things occur: the smaller particles 

are elutriated, and the larger particles are returned back to the bed. 



76 

Although the larger particles (remaining .in· the bed) have been displaced 

laterally, the devolatilization process still continues. 

As stated previously, the devolatilization time is a function of 

particle diameter. If large amounts of fines are fed to the bed, a large 

amount of volatile gas will be rapidly released in the region above the 

feed point. Therefore, a large amount of oxy~en will be consumed, and 

the possibility exists that reducing cenditions will be present in the 

region above the feed point. At present the nature of the feed coal and 

solids mixing are assumed to be such that volatiles are released uniformly 

in the bed. Since very little quantitative information is available.on 

the fluidized-bed devolatilization phenomenon, this assumption is reasonable 

for the present time. It is hoped that future experimental studies will 

establish a more realistic approach. 

The intrinsic rate expression for the combustion of the char 

(C + 0. 502 ->- CO) is important. In this wot'k the bituminous kinetics ·of 

Smith (1971) is used. This expression was chosen bec.R.nRP. thP hi t11mino1.1s. 

char structure is different from the structure of lignite and anthracite 

chars. Bituminous chars contain large and irregularly distributed voids, 

but lignite and anthracite chars exhibit uniform and narrow pores 

(Smith 1971). These structural differences affect the intrinsic reaction 

rate. 

Other important assumptions are the bubble-growth correlation and 

the existence of slow and fast bubbles in the bed. The gas voids in a bed 

coalesce to form larger voids; from two-phase theory this results in a 

higher bubble velocity (Cranfield and Geldart 1974). Large P.ubbles 

(80 cm) have been observed at the surface of. fluidized beds (Botton 1966); 

from two-phase theory, these should be fast .bubbles. The ORNL bubble-growth 

model predicts large bubbles at the bed's surface. Until more definitive 

data on bubble growth become av,R.i lr1h 1 e > the C1,ll:'l:'~nt 866Umptionn nrc. 

reasonable. 
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Finally, since a major loss of combustion efficiency is due to 

elutriation, the expression for the elutriation constant is also important. 

In this work the Wen and Hashinger (1960) expression is used: 

1.7 x 10-Sp [U - U (R)]A 
g 0 t XS 

= { [U o - U t (R)] z /2gR} 0 .'5 Ret 0. 72 5 K(R) = 

where 

K(R) = elutriation constant for radius R, s-1, 

. Pg gas density, g/cm3, 

U superficial velocity, cm/s, 
0 

Ut(R) terminal velocity for a particle of radius R, cm/s, 

ps density of particle, g/cm3, 

Ret Reynolds number based on terminal velocity of particle 

(Re = 2p RU (R)/µ ), dimensionless, 
t g t . g 

WB mass of char in bed, g, 

R particle radius, cm. 

(5. 21) 

This expression was chosen because it was developed for coal particles 

in a fluidized bed. The Merrick and Highley (1971) correlations were 

not used because they were developed f9r higher density solids (limestone 

sorbent and coal ash). 

At present, the validity of many of the above assumptions has not 

been established. For this reason the present combustion subcode has 

been structured to allow relatively easy modifications as more information 

becomes available at a later date. 

5.2.2 Combustion performance equations 

The equations for the solid side (char) and the gas side material 

balances are developed in thio oection. These equations are used to 
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determine the total amount of coal consumed in the bed. The solid side 

material balance is based on the assumption of well-mixed solids through

out the bed. These equations are similar to those developed in the 

elutriation-attrition code, except that the balance is performed on char 

instead of limestone-coal ash solids; The gas side material balance is 

based on the assumption that .the.gas flow is characterized by two regions: 

the slow-bubble region and the fast-bubble region. The criteria for the 

determination of these regions were given in the assumptions. These 

regions are shown schematically in Fig. 5.4. 

In the slow-bubble region of the.bed, the gas flow is·treated as plug 

flow (i.e., all gas moves in a uniform front through the bed). In thi$ 
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region, the coal ·devolatilizes to char and volatile gases. The products 

are .consumed in the combustion process (i.e., reactions 1 through 3). 

In the fast-bubble re·gion two separate phases (the emulsion phase and 

bubble phase) exist. Each phase is analyzed separately. In the emulsion 

phase the processes of devolatilization,. combustion, and mass transfer of 

gas species to and from bubbles are assumed to occur. In the bubble phase 

the combustion of carbon monoxide and mass transfer of gas species. to and 

from the emulsion phase are assumed to occur. 

Based on. these concepts, the gas side and solid side material 

balance equations are written as follows. 

5.2.2.1 Gas side material balance equation -c devolatilization. 

Since devolatization is assumed to occur uniformly through the emulsion 

phase in both the siow- and fast-bubble regions, the equations developed 

apply to both regions. The total yields and composition of the volatile 

gas products are found via the Suuberg, Peters, and Howard (1977) model 

for lignites or via the Reklaitis et al. (1977) model for bituminous 

coals. The Reklaitis model is used in the current code. This information 

is used to determine the average amounts of oxygen consumed and carbon 

monoxide produced per unit volume of the emulsion phase as follows. 

First, the volume of the emulsion phase is found as 

.(5.22) 

where A is the total cross-sectional area of the bed, cm2, Lf is the 
XS 

expamletl bed height, cm, and e:B is Lhe average bed. bubble voidage, 

dimensionless •. The average bubble voidage is found from two-phase 

theo.ry as 

where Lmf is the bed heighL SL minimum fluidizing velocity, cm. From the 

devolatilization code the total amounts of carbon monoxide produced 

Xco and oxygen consumed x02 in the bed are found via the volatile yield 

equations [Eq. (5.2 or 5.3)]. These equations are used to determine the 
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average amounts of the gases produced and consumed .in a unit volume of 

the emulsion phase as follows: 

XOz/VEMUL (5.24) 

(5.25) 

where ~ is the average amount of Oz consumed per unit volume of emulsion 
Oz . 

phase, g-mol Oz/cm3 of emulsion, and ~CO is the average amount of CO 

produced per unit volume of emulsion phase, g-mol CO/cm3 of emulsion. 

These values are ·then used in both regions of the bed for. the gas side 

material balance. 

3.2.2.2 Gas side component balances •. Hased on the above devolatiliza

tion expresi;dons. a ser;i,.es of differential component mAtP.ri .<il b.<ilan.ces 

are derived. The components considered in these balances are Oz, CO, 

and COz. A separate set of differential balances is required for the 

slow- and fast-bubble regions of the bed; this is due to the difference 

in bubble characteristics in the slow- and fast-bubble regions in the 

bed. 

The three differential component balances (O~, CO. and C02) for the 

slow-bubble region are given in Table 5.5. In this region the gas 

£lowing through the emulsion and bubble is assumed to move in a uniform 

tront (i.e., no axial dispersion). Therefore, the gas composition is 

only a function of height. The detailed derivation of these expressions 

is given in Appendix A. The six differential component balances [Eqs. 

(5.29) through (5.40)) for the fast-bubble region are given in Table 

'.J.6. !11 this region the gas in the bubble phase is assumed to be 11 tr.apped" 

and is transferred to and from the bubble phase by diffusional mass 

transfer. This diffusional transfer and the combustion of char in the 

emulsion phase result in different concentration profiles for the bubble and 

emulsiort phases. Therefore, Oz, CO, and COz component balances are 

required for each phase (bubble and emulsion). The detailed derivations 

of these differential balances are given in Appendix B. The solution to 

these equations gives profiles of Oz, CO, and COz through the emulsion and 

bubble phases in the bed. The solutions are obtained by dividing the 

bed into small increments Nh of height 8Z and integrating between the 

bottom of the bed and the surface of the bed Lf. This procedure is 



Table 5. 5.· Slow'"'.'bubble region differential material balances 

02 balance 

CO balance 

dCSB/dZ co 

C02 baiance 

A 
XS 

= -. -

dC~~ /d2. =·~xs [R/o 
2 v 

. .T . 

(R/t; l ) . + 2 p ug 1 

all R 

I 
i 

- ~ R .i 1 all R ( m ) 

~ 3 f;plug i ( 
1 

1 - e:B 

~02 
1 - 0 

1 - e:B 
R/o +~co ---

1 - 0 

(5.26) 

(5.27) 

(5. 28) 



Tc.ble 5. 6... Fast-bubble region differential material balances 

Emulsion phase 02 balc:nce 

where 

Emulsion phase CO balance 

where 

- E: ) 
B 

.. 

(5. 29) 

(S.30) 

(5. 31) 

(5.32) 

CX> 
N 



· Table 5.6 (continued) 

Emulsion phase C02 balance 

EMUL d(l -
CC02 dZ 

·where 

all R ( ) l . .L R3 T-!;EMUL i . (1 -

i 

Bubble phase Oz balance 

avB .... J 
dZ 

where 

(S. 33) 

(5.34) 

(5.35) 

(5.36) 

00 
w 



'Fable : .• 6 (continued) 

Bubble phase CO balance 

(5.37) 

where 

_(5.38) 

Bubble phase C02 balence 

acBuB / az = (uv .... ) (aF~. UB / av)1 - cBus (a1iB .... .' az) 
C02 E C0:2. CO 2 

(5.39) 

where 

(5.40) 
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described later. Also, the radius R of the carbon particles existing 

between the maximum radius Rmax and the minimum radius Rmin is established 

by assuming a small increment ~R, which allows the rate of carbon 

consumption for each carbon particle of radius R to be found. The average 

rate of total carbon consumption per unit surface area of a particle of 

radius R is given by 

(5. 41) 

where 

R1T(R) = rate of carbon consumption via reaction 1 (see Table 5.4) 

for a particle of radius R, g-mol/s-cm2 , 

R3T(R) rate of carbon consumption via reaction 3 (see Table 5.4) 

for a parti.cle of rad:i.us R, g-mol/s-cm2 , 

N = the number of incremental volumes ~V in the bed, dimensionl·ess. 
h 

Also, the rate of change of the char particle radius with respect to time 

for a particle of radius R can be. found as 

R(R) = dR~ dt·.' = [~ (R)] I (p char) , (5.42) 

where p h is· ·the density of the char in g-mol/ cm3 . . c ar . 

5. 2. 2. 3 Char particl.e material balance. By completing the gas 

component material balance, the rate of change of radius of the char 

particle can be found via Eq. (5.42). This information is used to solve 

the general particle side performance equations of a fluidized bed given 

by Kunii and Levenspiel (1977). These equations consist of an overall 

material balance and a differential mass balance on particles between 

R and R + dR. The derivation of these equations is given by Kunii and 

Levenspiel (1977) and is not repeated here. The overall mass balance 

equation for the char in a fluidized bed is given by 

F1 + Fz - Fo = J 3WBPB(R)~(R) 
~~~~~~- dR , 

R 
(5.43) 

All R 
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and.the differential char mass balance is given by 

d[R(R)pB(R)] 
FoPo(R) - F1P1(R) - WBK(R)pB(R) - WB dR 

3WBpB(R)R(R) 
+ = 0 • 

R 
(5.44) 

The above notations are explained in Fig. 5.5. From experimental data 

obtained from the B&W/EPRI 183- by 183-cm (6- by 6-ft) AFBC (B&W 1979b), 

the char composition of the underflow F1 appears to be very small ('V0.1%) .. 

For this reason. the 'underflow F1 is set equal to zero, and the 

differential balance can then be written as 

F oPo (R) 

WBR(R) 
-

[
K(R) + _l_ dR(R). 3] 

- R pB(R) , 
R(R) R(R) dR 

ORNL DWG 80-934 

I• • •. .. . .. 
•I> I,' • ... 

.. 
. ·.· .... · ... :: 

Fig. 5.5. Fluidized bed operated at steady state. 

(5.45) 
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and finally, by definition of differential particle size distribution, as 

~ pB{R) dR = l • 

All R 

(5.46) 

In the above equations, R(R) represents the rate of particle shrinkage 

due to combustion as found via the gas component balances [see Eq. (5.42)]. 

At present, attrition of the char particles is not considered. The term 

K(R) represents' the elutriation constant of Wen and Hashinger (1960) and 

is given in Eq. (5.21). By solving Eqs. (5.43), (5.45), and (5.46) 

simultaneously, the char side material is closed. Specifically, the 

values of F2, p2(R), WB, and pB(R) (see Fig. 5.5) are found. 

5.3 Code Input-Output and 
Computational Method 

Based on the above assumptions and equations, a computer code has 

been developed to complete the gas side and char particle side material 

balance. The input and computational scheme are given and discussed 

here. 

The required inputs and their values are given in Tables 5.7 and 

5.8. These values are typical of the B&W/EPRI 183- by 183-cm (6- by 6-ft) 

AFBC (B&W 1979a). Table 5.8 gives the size distribution of the coal 

feed. This size distribution is used to calculate the differential size 

distribution of the feed particle p0 (R), which is an input to Eq. (5.45). 

The function po(R)· is determined by curve-fitting the given feed size 

.distribution and then taking the derivative of the resulting curve at 

discrete points. The coal feed size distribution, shown in Fig. 5.6, 

was obtained from B&W_data (B&W 1979a). 

As can be seen, a straight line can be drawn through the data points. 

Thus, for the coal feed particle size distribution, the best fit can be 

obtained from 

(5 .47) 



Variable 
name 

RHO SB 
RHOA 
RHOC 
RHOG 
MU 
EMF 
AXS 
DT 
DM 
FRSB 
uo 
HF 
FCOAL 
FCH20 
NCH 

DCH 
YCH 
RCHMIN 
RCHMAX 
XCHI 

Y(l) 

88 

i 
Table 5. 7. Input parameters for combustion' code 

Value 

2.6 
3.0 
1.3 
0.00032. 
0.00045 
0.4 
33445.1 
182.9 
0.1487 
0.94 
243.7 
121.9 
224.8 
0.95 
8 

a 
a 
20 
2400 
20 

2.J x lo-6 

Definition 

Sorbent .density, g/ cm3 
Coal ash density, ~/cm3 
Char density, g/cm 
Flue gas density, g/cm3 
Viscosity of gas, g/(cm-s) 
Voidage at minimum fluidization, dimensionless 
Bed cross-sectional area, cm2 
Bed diameter, .cm 
Mean particle diameter in bed, cm 
Weight ·fraction sorb~n.t in lieu. ulmt:!llH-:lonlP.RR 
Superficial velocity, cm/s. 
Expanded bed height, cm_ 
Coal feed rate, g/s 
Weight fraction of dry coal_, dimensionless 
Number of values of coal feed size 

distribution input, dimensionless 
Feed coal particle diameter, µm 
Size distribution of coal feed, dimensionless 
Minimum radius of char part;:icle in bed, µm 
Maximum radius of char particle· in bed, µm 
Value of 6R used in the numerical 

incegtation ot Eq. (5.45), µm 
Iull:lal value of o2 concentration, g-mol/cms 

----------------~------"'- ~- . -···- ·-----~~--
a See Table 5.8. 

Table 5.8. 

Particle digmeter 
(µm) 

47J0 -
2380 
1190 

595 
297 
149 

74 
44 

Size distribution of feed coal 

WP.ieht frArtinn nf qnli~~ 
P"'·~~in.e; through 

U.982 
0.633 
0.377 
0.211 
0.115 
0.062 
0.030 
0.016 

.. 
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Fig. 5.6. Feed coal particle size distribution. 

where Y is the mass fraction passing through the screen, A,B are constants, 

and R is the particle radius. The curve-fitting procedure is done 

automatically by the code. 

Figure 5. 7 shows the overall computational scheme of the .code. 

Initial char bed weight and size distribution are assumed. These 

quantities are used.to integrate the differential balances in Tables 5.5 

and 5.6 from the distributor plate to the bed surface, which is done by 

starting with a con.trol volume (b.V = A b.Z) at the distributor plate 
XS 

(Z = O). The total rate of carbon consumption due to all char particles 

in the control volume (b.V = A b.Z) is found. The bubble velocity in tJ.V 
XS 

is determined and used to establish whether the bubble is fast or slow. 

Depending on the nature of the bubble, the differential balances in 

Table 5.5 or 5.6 are solved by using a Runge-Kutta numerical procedure. 
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The·bed height is incremented (Z = Z +·~Z), and the calculation is 
n n 

repeated until the surface of the bed is reached. When this occurs, the 

gas side material balance is considered closed for an assumed char bed 

mass and particle size distribution. Also, the rate of shrinkage of the 

char _particle due to combustion is known. This rate is then used in 

routine COMBX to determine a new char bed mass and size distribution. 

The logic diagram of routine COMBX is shown in Fig. 5.8. In this 

·routine Eqs. (5.43), (5.45), and (5.46) are solved simultaneously to close 

the. char side material balance. Specifically, starting at the maximum 

Particle radius R in the feed, the bed differential particle size max · 
distribution pB(R) is determined by solving Eq. (5.45) at specified 

intervals between Rmax and the minimum particle radius Rmin in the bed. 

The initial boundary condition is that the differential particle size 

distribution at the maximum radius Rmax is zero. Since all particles 

are undergoing a size reduction, this assumption would appear to be 

reasonable. _The values of pB (R) are then integrated be.tween the maximum 

and minimum radii. ._By definition, this quantity should have a value 

of 1. If this is not the case, the char bed mass WB is varied until 

Eq. (5.46) is satisfied. If the above condition is met, the total over

flow rate F2 is calculated via Eq. (5.43). At this point the char particle 

side balance is considered closed. The char bed mass determined by 

routine COMBX is compared with the value used in the gas side balance. 

If they agree within tolerance, the computation is stopped. At this 

point both the gas side and particle side balances are considered to be 

closed~ and. the following quantities are known: 

1. 

2. 

3. 

4. 

5. 

char bed mass, Wbed' 

differential bed size distribution, pB(R), 

char elutriated solids, F2 , 

differential elutriated solids size distribution, pz(R), 

for slow-bubble region - gas concentration profiles, c~:. 
.SB . SR 
Ceo• and cc02 , and 

for fast-bubble r~gion - bubble phase gas concentration profiles, 

CBUB CBUB d CBUB l . 
02 • CO • an co2; emu sion phase gas concentration profiles, 

EMUL EMUL EMUL 
C02 ' Ceo ' and CC02 
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The underflow F1 is assumed at present to be zero. Table 5.9 and 

Fig. 5.9 give typical results from this code. 

5.4 Results and Discussion 

Here the results from the combustion subcode are compared with data 

obtained from the B&W/EPRI 183- by 183-cm (6- by 6-ft) AFBC. Only a 

limited comparison of the model results is given. More extensive com

parisons are planned during the next year. 

The output from·the combustion subcode is shown in Table 5.9 and 

Figs. 5.9 and 5.10. These results were obtained with the input data 

given in Table 5.7. Table 5.9 gives a preliminary comparison of the 

model results with B&W experimental results. The char elutriation rate 

F2 predicted by the code exceeds the measured value by 31%. Three possible 

reasons may exist for this discrepancy. First, the current code does 

not determine the amount of carbon consumed in the freeboard section of 

the AFBC. Second, the freeboard cooling may cause larger char particles 

to disengage from the flue gas and fall back into the bed. This 

increases the res.idence time of the char particle in the bed and results 

in improved combu~tion efficiency. Third, the elutriation constant 

calculated from Wen-Hashinger's correlation may not be accurate. This 

correlation was developed for coal beds at conditions diffe.rent from 

Table 5.9. Comparison of combustion subcode 
results with B&W data 

Quantity 

Char bed mass 

Char mass, % in 
bed 

Char elutriation 
rate 

Char underflow 
rate 

Combustion 
efficiency, % 

Variable name 

WB 

PCB 

F2 

Fl 

ETC 

ORNL 

22745.3 g 
(50.11 lb ) 

m 
0.7 

19.2 g/s 
(152.4 lb /h) 

m 

0.0 g/s 

91.5 

B&W 

NA 

·NA ., 

14.6 g/s 
(116.1 lb /h) 

m 
0.06 g/s 

(0.5 lb /h) 
m 

93.0 
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Fig. 5.9. Calculated gas phase profiles. 

typical AFBCs. This table also shows that the assumption of no char 

underflow is justified due to the very small underflow rate measured by 

B&W. As can be seen, the predicted and measured values of the combustion 

efficiencies agree with.in 1. 5%. Figure 5. 9 shows the predicted emulsion 

and bubble phase concentration profiles for 02, CO, and C02 in the bed. 

The differences in the emulsion and bubble phase ·concentrations shown in 

this figure are due to the n~ture of the fast bubbles. In fast bubbles 

the gas is essentially trapped and is only transferred to or from the 

emulsion phase by "pseudo diffusional" mass transfer. In the slow-bubble 

region (~10 cm), since the gas is assumed to move in a uniform front 

(plug flow), no concentration difference is observed between the bubble 

and emulsion phases. At present very little experimental data are 

available for comparison with the computational results. It is hoped that 
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more data will become available in the future. Figure 5.10 shows the 

calculated.average bubble size as a function of height. Again little 

data are available to prove or disprove results shown in this figure. 

Large bubbles have indeed been observed by a number of investigators 

(Cranfield and Geldart 1974, Botton.1966, and Matsen 1973). 

5.5 Recommendations .for Future Work 

The main uncertainties that need to be resolved in the modeling of 

coal combustion in FBCs are 

o the nature and rate of the devolatilization process, 

• intrinsic rates of char combustion reactions, 

• effects of bubble properties on the mixing and diffusion processes 

in the bed, and 

• carbon loading in the bed and in the freeboard. 
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These phenomena are not well understood, particularly in large FBCs. 

Basic experimental and analytical studies are required to formulate better 
, I,. 

predictive tools. Specifically, experiments should be performed in an 

entrained tubular reactor to characterize devolatilization and char 

combustion. This reactor is envisioned as being a hollow tube enclosed 

in a furnace through which coal particles are blown. Basic kinetic data 

can be obtained relatively easily from gas concentration profiles and 

particle residence in the tube. A wide variety of coals can also be 

studied in these experiments. The information can then be coupled with 

the bed hydrodynamics. 

Another critical area where experimental data are.lacking is bubble 

properties (bubble size, bubble frequency, bubble velocity, gas inter

change coefficient, etc.). For application in AFBC modeling, the data 

should be obtained for large particles and high· superficial velocities in 

a reactor of reasonable dimensions with multiple feed points. Ideally, 

the data should be obtained in hot beds. However, at present there are 

no techniques known for such measurements in hot beds. Measurements can 

be made in cold beds. From the latter, quantitative trends can be 

established about the nature of bubble growth, gas interchan~e. solids 

mixing, and bed expansion in large beds. 

5.6 Summary 

Many parameters (operational and geometric) affect the heat release 

and coal utilization in an AFBC. The main purpose of a combustion model 

is to predict the amount of co.al consumed in an AF:SC for a given set of 

conditiOns. 

The combustion subcode calculates the combustion efficiency (coal 

utilization) of the AFBC and the gas concentration prnfilei:; (02, ·co, and 

co2). in the bed. A two-phase (bubble a~d emulsion) bubbling bed model 

with gas interchange between the bubble phase and the emulsion phase is the 

basis of the subcode. Bubble properties (speed~ diameter, fraction, etc.) 

in the AFBC are calculated from the bubble-growth subcode. T~e solids 

in the emulsion phase are considered to be well mixed, and the voidage 

of the emulsion phase is the voidage at minimum fluidization. The gas 
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is .assumed to flow through the emulsion phase in plug flow, with its 

velocity corresponding to the minimum fluidization velocity. 

The reactions considered in the emulsion phase are 

1. c + 0.502 + CO, 

2. CO+ 0.502 + C02, 

3. C02 + C + 2CO, and 

4. devolatilization of coal. 

The devolatilization reaction is assumed to occur uniformly throughout 

the emulsion phase. For the prediction of the amount of carbon in the 

volatiles released, the pyrolysis models of Suuberg, Peters, and Howard 

(1977) and Reklaitis et al. (1977) developed for Montana lignite coal 

and Illinois No. 6 bituminous coal, respectively, are used. The carbon 

released during devolatilization is assumed to form carbon monoxide 

instantaneously. Carbon monoxide is then consumed by reaction 2. The 

resulting char is consumed by reactions 1 and 3. The reaction rate 

expressions are given in Table 5.4 [Eqs. (5.12) through (5.19)]. The 

particle surface temperature is calculated from a heat balance between 

the particle and the surrounding gas [Eq. (5.11)]. 

In addition to the emulsion phase, the bubble phase is also considered 

in the subcode. The bubbles are assumed to have a very thin cloud and are 

devoid of solids. The only reaction occurring in the bubble phase is 

the combustio.n of carbon monoxide (reaction 2). The gas interchange 

coefficient between the bubble phase and the emulsion phase is estimated 

from Eq. (5.20). The bubble phase also contains slow and fast bubbles. 

The elutriation rate constant for char is estimated from Eq. (5.21). 

The gas side material balance equations are written for the slow

bubble region [Eqs. (5.26) through (5.28)] and the fast-bubble region 

[Eqs ... (5. 29) ·through (5. 40)]. The differential char material balance is 

.given by Eqs. (S.44) through (~.46). Attrition of char is not considered 

in the subcode •. The size distribution of the feed is determined from a 

curve' fit of the given feed size distribution. 

is shown in Figs. 5.7 and 5.8. 

The computational scheme 

The output from the combustion subcode contains char bed.weight and 

percentage of the total bed weight, char elutriation rate, char underflow 
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rate, and combustion efficiency. In addition, the output contains the 

gas profiles (02, CO, and C02) in the·bubble phase and the emulsion phase. 

Comparison of the model predictions with experimental data is limited 

since very little experimental data are available at this time. A 

preliminary comparison with data from the B&W/EPRl system shows that the 

predicted combustion efficiency is within 1.6% and that the char elutriation 

rate exceeds the measured value by 31%. The inaccuracy. of the elutriation 

rate expression and the fact that freeboard reactioris are neglected in 

the subcode couid explain the disagreement in the.char elutriation rate. 



6. ORNL OVERALL SYSTEM CODE 

6.1 Background 

The purpose of an overall system code is to predict performance 

trends in AFBC systems for different operating conditions and equipment 

configurations. This information can be used to formulate the best 

operating conditions and configuration for a proposed AFBC plant. 

Section 6.2 describes the initial effort by ORNL staff to develop_ 

a computer code to perform the overall material and energy balance for 

the coal side of an AFBC. 

This code was originally developed to analyze the proposed design 

of the DOE CTIU at Morgantown, West Virginia. Because the code was 

written in the English Engineering System (EES) of units, the EES units 

are used throughout this section. The CTIU design called for multiple 

heat exchanger equipment arrangements and multiple design operating 

conditions. To simulate the CTIU,_ a flexible system code was developed, 

which was written in sections (subroutines) that simulate equipment 

·configurations connnonly used on the coal side of an AFBC. The modular 

nature of the code permits computation of the coal side energy and 

material balances for many AFBC configurations. At present this code 

does not incorporate the bubble-growth code, the elutriation and attrition 

code, or the combustion code given in Chaps. 3, 4, and 5, respect_ively. 

In order to predict the performance of the system, several assumptions 

are made. These are given and discussed below, along with the input. 

required and a description of the overall code structure. Typical tem

perature profiles in the system and a system material balance obtained 

from the code are also presented. During the next year, this code will 

be extensively modified. Specifically, the material balance (performance) 

will be calculated after incorporation of the predictive codes developed 

during this year. In addition, a sulfur capture model will also be 

developed and included in the code. 

99 
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6.2 Model Development 

The existing ORNL AFBC system code completes the mdteriai·and;energy 
:~·: 

balance for the coal side of an AFBC and calculates the compositions, mass 

flow rates, and temperatures of all unknown process streams. This infor

mation is then used to establish the tube bundle and waterwall heat 

duties and the flue gas temperature profile. Since predictive kinetic 

expressions were not used in this code, many necessary assumptions about 

performance of the bed are made. 

6.2.l Assumptions 

In all regions of the'AFBC, (1) the process is assumed to be steady 

state, (2) the ideal gas law is assumed to apply (no enthalpy correction), 

and the (3) system is assumed to be adiabatic (no heat loss). 

In this code the AFBC main cell is divided into the (1) plenum, 

(2) bed, (3) less-dense phase (LDP), (4) freeboard, and (5) freeboard 

bundle (see Fig. 6.1). These sections represent operations or phenomena 

that are known to occur on the coal side of a typical AFBC. The following 

sections describe these regions. 

6.2.1.l Plenum. The plenum (sometimes called the wind box) is the 

region before the distributor plate. Its func~ion. is to allow the incoming 

air velocity to become uniform before entering the· bottom of the distribu~ 
·'· .. 

tor plate, hence giving uniform fluidization throughout.the bed. No 

chemical reactions occur in the plenum, but heat tr.a? sf er may occur if 

waterwalls are present. The program can handle plenUn\S with or without 

waterwalls. lf waterwalls are present, the air is·assumed to enter at 

the temperature at which it leaves the air preheater. The working .fluid 

in the waterwall tubes is assumed to be a saturated liquid flowing via 

natural convection. The plenum is segmented perpendicular to the direction 

of flow, and the.heat transfer characteristics (surface area) are input 

for each segment. Material and energy balances are performed to determine 
I· 

the final temperature of the air leaving each segment in the plenum. 

This determination is done by subroutine NOGEN. The final temperature 

of the air leaving the plenum is the air temperature entering the bed. 
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Fig. 6.1. Schematic showing breakdown of AFBC cell into input 
indexes. 

6. 2 .• 1. 2 .. Bed. ··The bed is the dense region above the distributor 

plate and is' .. characterized as having bubbles of gas passing through a 

gas-solids emulsion phase. The height of the bed is a function of design 

and operating conditions. The processes occurring here are elutriation 

of solids, combustion of carbon and carbon monoxide, calcination of 

limestone, and so2 absorption. Because very few data a~d quantitative 

expressi~ns exist to predict these phenomena over a range of design and 

operating conditions in an FBC, this model, at present, does not incor

porate the kinetics of combustion and absorption of S02 , nor does it 

include correlations for calculating the amount of elutriated solids from 

the bed. T? complete the ~aterial balance, these processes have to be 

quantified and certain assumptions made. In the main cell bed, the 
" 
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following reactions are assumed to represent the processes of combustion, 

limestone calcination, and sulfur dioxide capture. 

1. Combustion: 

2. Calcination of limestone: 

CaC03 = CaO + C02 , 

3. Capture of sulfur dioxide: 

Cao + o.so2 + so2 

The extent of these reactions is set by the following assumptions. 

For the combustion reaction: 

1. The carbon consumed in the total cell is assumed to be 90%. (Note 

part of this carbon is consumed in the. bed and. part in the LDP.) 

·2. The elemental hydrogen, oxygen., sulfur, nitrogen, and chlorine 

in the coal are depleted at the same rate as the r.arhnn. 

3. Eighty-five percent of the heat is assumed to be released in the 

bed, based on data obtained from Pope, Evans, and Robins (as cited 

by Fleischman 1978), 

4. In addition, a molar ratio_ of carbon monoxide to carbon dioxide in 

the gas leaving the bed is set at 0.29. Thls value was chosen 

because it results in a molar flue gas composition of carbon 

monoxide between 2 and 3%. This level has been predicted by various 

models ·(Beer 1978) as the molar composition of the flue gas leaving 

the bed. 
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5. The NO formation in the combustion process is calculated from the 
x 

correlation developed by EPRI (1976): 

NO (0.28 x 106)(1+1.7 x N)K, 
x 

where 

T temperature, °F, 

N nitrogen content of flue gas, wt %, 

NO NO volume, ppm. 
x x 

6. The calcination of the limestone is assumed to occur very rapidly 

and to go to completion. 

7. The S02 absorption is also assumed. to occur in the bed, and the 

extent of this reaction is set as 85% in the program. This assumption · 

is based on results obtained from the Westinghouse sulfur capture 

model reported by Henschel (1978). 

To estimate the so.lids elutriated from the bed, .three assumptions 

are made: (1) the composition of the elutriated solids is assumed, 

(2) the weight ratio of elutriated calcium sulfate to the other 

elutriated limestone solids is set, and (3) the fraction of the coal 

ash elutriated is assumed. Based on these assumptions, the amount of 

solids entrained in the flue gas is found. This is assumed to be 

constant from the surface of the bed to the outlet. of the cell. The only 

additional assumption required is that the operating temperature of the 

bed be fixed and known. A material balance is then completed about the 

main cell bed under the above assumptions. The constraint of an energy 

balance is also imposed simultaneously, and the heat duty of the water

walls and submerged tube bundle in the bed is determined by calling 

routines MFBC, BEDBAL, and BED, which are described later. 

6.2.1.3 Less-dense phase. The LDP region, just above the level 

of the bed, has a high part·iculate loading due to solids elutriated from 

the bed. Also experimental observation shows a significant amount of 
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heat r~leased, perhaps due to the combustion of carbon monoxide in this· · 

region. Again, little information exists on this region and its behavior, 

and assumptions are made to close the material and energy balances about 

the LDP. First, the height of the LDP is assumed to be 4 ft above the 

bed level for both the carbon burnup cell (CBC) and the main cells. 

Also, the amount of energy released in this region is assumed to be 15% 

of the total energy released in the cell, and, finally, the flow of 

solids is assumed to be the same as that leaving the cell except for the 

component reacting in the LDP. 

tlased on these assumptions and the specified heat transfer charac

teristics of the LDP, a material and energy balance for the LDP is closed 

by calling routine LDP. 

6.2.1.4 Freeboard. The freeboard is a section of the cell above 

the LDP that has no tube bundles but usually has waterwalls •. The only 

assumptions are that no chemical reactions occur (no heat released)·· in 

this section and that solids and gas pass straight through (i.e., there 

is no disentrainment of solids). Based on these assumptions and the 

specified heat transfer characteristics, the material and energy balances 

are closed. ln the overall code, this region is simuiated by subroutine 

NOGEN. 

6.2.1.5 Freeboard bundle. This section of the cell, defined as the 

space above the freeboard, has both a tube bund~.e and waterwalls. Again, 

the assumptions are that no chemical reactions occur (no heat released) 

and that solids and gas pass straight through (i.e., there is no disen

trainment of solids). Based on these assumptions and the specified heat 

transfer characteristics, the material and energy balances are closed. 

Here, heat is being absorbed by both the waterwalls and the bundle. The 

calculations are performed by subroutine BUND, which completes the material 

artd energy balances and calculates the temperature of the flue gas leaving 

the bundle •. 

6. 3 Code Input-011t:pnt. .::!n.t:l Overall Str.ucture 

Based on the above assumptions, a code was developed to perform. the 

system material and energy balance. The input variables used to specify 
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bed performance are given in Tables 6.1 to 6.4, with typical values. In 

addition, the geometries of the heat transfer surfaces are read into the 

program by dividing the AFBC into several horizontal sections (Fig. 6.1) 

and assigning an index to each section. For each index, the total heat 

transfer area of each of the walls, and the inside and outside surface 

area per unit length of the heat transfer tubes are read in. Table 6.5 

gives these parameters and typical values. 

The overall flow diagram is shown in Fig. 6.2. Appropriate inputs 

are used to calculate a material balance about the cell based on 100 lb 

of run-of-the-mine (ROM) coal fed to the cell. Next, the inlet temperature 

of the air leaving the air preheater and entering the cell is assumed. 

The interme.diate steam temperatures between the superheater bundles are 

also assumed. Based on the actual coal feed rate, the material balance 

developed for .. 100 lb of ROM coal is used to generate streams entering 

Variable 

TYPE 
STONE 
UC COAL 
UCLST 
RCATS 
EEX02 
FS02ES 
RH 
VPW 
PS TAT 
ESOLC 
FCEL 
RACASCA 
FCl 
CINTP 
AINTP 
SINTP 
FGTP 

STKTP 
PRESS 
v 
FASH 
FLDP 

Table 6.1. Typical input data supplied by user 

Typical value 

Pittsburgh No. 8 
TVA limestone 
Table 6.2 
Table 6.3 
6.0 
0.18 
0.09 
60.0 
0.507 
15 
Table 6.4 
0.07 
0.555 
0.95 
120 
120 
120 
730 

1550 
15 
28 
1. 00 
0.15 

:··. . _:_ .... :.., .. 

Definition 

Name of coal 
Name of limestone 
Compositon of run-of-the-mine coal 
Composition of limestone 
Molar ratio of calcium to sulfur 
Excess air (fractional) 
Fraction of sulfur escaping 
Relative humidity, % " 
Water vapor pressure, psia 
Static pressure, psia 
Composition of the elutriated solids 
Fraction of carbon elutriated 
Ratio of CaS04 to other limestone solids 
Fractional split across main cell cyclone 
Inlet coal temperature, °F 
Inlet air temperature, °F 
Inlet limestone temperature, °F 
Initial guess of fuel gas temperature 

leaving cell~ °F 
Main cell spent solids temperature, °F 
System pressure, psia 
Percent volatile of the coal 
Fraction ash elutriated: 
Fraction heat release iri less-dense phase 
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Table 6.2. Composition of 
Pittsburgh No. 8 coal feeda 

Composition Weight (%) 

Carbon 

Hydrogen 

Oxygen 

Sulfur 

Nitrogen 

Chlorine 

Ash 

Water 

aRun-of-th~-mine coal. 

71. 2 

5.1 

6.3 

4·. 3 

1. 3 

0 

8.5 

:L3 

Table 6.3. Composition of TVA 
limestone feeda 

Co.mposition Weight (%) 

CaC03 

Fe?(CO;i);i 

MgC03 

Al203 

Si02 

UND 

~olar ratio of calcium to 
sulfur = 3.0. 

76.5 

0.0 

4.1 

o.o 
o.o 

19.4 

and leaving the cell. Starting with the plenum, subroutines are called 

that generate the flue gas temperature profile and exchanger heat duties. 

The physical characteristics of the heat transfer surfaces in each 

section are associated with an index or a group of indexes in the input. 

By transferring these indexes to the appropriate subroutine, the heat duty 

and temperature leaving that section are found. These routines are 

discussed in detail in the following sections. 

Based on the calculated superheater bundle duties, the intermediate 

steam side temperature between superheater bundles is calculated. This 

•; 

•. 
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Table 6.4. Composition of elutriated 
solids from the cella 

Composition Weight basis 
(%) 

Carbon 

Hydrogen 

Sulfur 

All other 

Molar ratio of CaS04 to other 
limestone solids elutriated 
from the cell 

35.0 

0.9 

4.0 

60.1 

0.555 

aFraction of carbon elutriated = 
of coal ash elutriated = 100%. 

7%; fraction 

Table 6.5. Typical heat transfer geometry inputsa 

1.52 
0.796 

2.00 
1.297 

6.00 

1. 75 

1.33 

1.52 

2.00 

6.00 

3.00 

(bundle) 
(waterwall) 

(bundle) 
(waterwall) 

Effective inside area per tube in bundle 
or waterwall per unit height, in. 

Effective outside area per tube in bundle 
per unit height, in. 

Diameter of fluidized bed, ft 

Outside tube diameter in bundle, in. 

Inside tube diameter in bundle, in. 

Inside tube diameter in waterwall, in. 

Outside tube diameter in waterwall, in. 

Spacing between tubes in tube, in. 

Spacing between tubes in waterwall, in. 

These values must be given for each index shown in Fig. 6.1. 

steam temperature profile. is compared with the assumed profile. If the 

two do not agree within the specified tolerance, the profile is updated 

and control is returned to calculate the flue gas temperature profiles 

and heat duties. Once the tolerance is satisfied, the material and 

energy balances for flue gas and steam sides are closed for the assume.a 

inlet air temperature. At this point, the solids-laden flue gas is sent 

to the cyclone separators, where solids are removed and solids-free 

flue gas is sent to air preheater. The temperature of the flue gas 
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OB.NL AFBC system code flow diagram. 
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leaving the air preheater is set by the dew point of sulfuric acid 

.~( "'280°F). Based on this proce.dure, the outlet temperature of th~ air 
: 
'from the preheater is found and then compared with the assumed value. 

If they do not agree within the-tolerance, the steam and flue gas side 

energy balances are again closed. When the air temperature has finally 

converged,;both the material and energy balances are closed and the 

output routines are called. At this point, the computation is terminated. 

Typical outputs generated from this code are shown in Figs. 6.3 and 

6.4. Figure 6.3 is a summary of the overall material balance for the 

system, and Fig. 6.4 is a summary of the energy balance in the sections 

(plenum, bed, LDP, and freeboard). 

6.4 Description of Routines 

The major routines used in the overall simulation can be broken 

down as follows: 

• control routines, 

• material balance routines, 
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• energy balance routines, 

• property routines, and 

• output routines. 

These routines are briefly discussed here, but the code listing includes 

extensive documentation with appropriate comment cards to explain the 

computational procedure and nomenclature. 

6.4~1 Control routines 

6.4.1.1 Routine MAIN. In this routine the input shown in Tables 6.1 

to 6. 4 is read in, and the subroutines r.equired to complete the material 

balance based on 100 lb of ROM coal are called. Control is then passed 
m 

to subroutine CONTL. 

6.4.1.2 Subroutine CONTL. The routine extends the material balance 

to the actual coal feed rate to the cell and, using the index assigned 

to each section (plenum, bed, LDP, etc.), calls the appropriate routine 

necessary to complete the material and energy balances for both the 

steam side and the flue gas side. This routine is user-specified and must 

be modified for each new AFBC cohf iguration. 

6.4.2 Material balance routines 

6.4.2.1 Subroutine MFBC. This routine completes the material balance 

on the main cell (plenum, bed, LDP, freeboard) based on the 100 lb of 

the ROM coal. 

The input to this routine is given in Tab;i.e 6.1. Hased on this 

input, all streams entering and leaving the cell are determined. The 

streams considered here are the coal feed, the limestone feed, the inlet 

air, the spent solids withdrawn from the .cell, and the flue gas leaving 

the cell. For 100 lb /h of ROM coal and the preset Ca/S ratio employed 
m 

in the bed, the routi.ne calculates the limestone feed and the inlet air 

r:equirements. The amount of spent solids withdrawn is the difference 

between solids fed and solids elutriated. The elutriated solids are 

calculated on the basis of the composition of these solids and·the ratio 

of the calcium sulfate to other limestone-type solids (Cao, Si02, Al2o 3 , 

etc.), The output generated by.the rouU.ue 18 as follows: 
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C - coal input stream per 100 lb of coal (vector),* 
m * 

A - air input stream per 100 lbm of coal (vector).,, 

SL - limestone input stream per 100 lb of coal (vector),* 
m 

* SS - spent solids stream per 100 lb of coal (vector), 
m * GS - flue gas stream per 100 lb of coal (vector), 

m 
UCARI - molar composition of air (vector),* 

AIRMWT - air molecular weight, lb /lb-mol. 
m 

6. 4. 2. 2 Subroutine BEDBAL. This. routine provides the ratio for 

the overall material balance computed in subroutine MF'.BC for 100 lbm of 

coal to the specified input feed rate and also calculates the composition 

of a hypothetical stream leaving the bed and entering the LDP. This stream 

composition is based on the assumed heat release and the molar ratio of 

CO to C02 in the LDP. Specifically, this stream is generated by the code, 

and then the heat that is released by combusting the stream is determined. 

If this release is the same as the assumed heat release, the subroutine is 

terminated; if not, a new composition is established. Input to this 

routine, which is either user-supplied information (Table 6.1) or informa

tion generated by subroutine MFBC, is as follows: 

'l'CUAL - total coal feed rate, 

C - coal input stream per 100 lb of coal (vector),* 
m 

* A - ;:iir inpnr l"ltt'P.!'lm pP.1" 100· 1hm nf rn;:i1 ('rP.r.rnl".), 

SL-" limestone input stream per 100 lb of coal (vector),* 
m 

GS - flue gas stream per 100 lb of coal (vector),* 
. m 

FLDP - fraction heat release in LDP (Table 6.1), 

TBED - temperature of bed. 

Output information includes the following: 

* 

. * TC - total coal feed stream (vector), 

TA - total air feed stream (vector),* 

TSL - total limestone feed stream (vector),* 

TSS - total spent solids stream (vector),* 

TGS -- total flue gas stream (vector), * 

The components and units of the vector streams are given in Table 6.6. 
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·Table 6.6. Stream vector components 

Subscript Component Unit 

1 Coal elemental carbon lb /h m 
2 Coal elemental hydrogen lb /h m 
3 Coal elemental oxygen lb /h m 
4 Coal elemental sulfur lb /h m 
5 Coal elemental nitrogen lb /h m 
6 Coal elemental chlorine lb /h m 
7 Coal ash lb /h m 
8 H20 "lb /h m 
9 02 lb /h m 

10 N2 lb /h m 
11 C02 lb ih m . 
12 S02 lb /h m 
13 CaC03 lb /h m 
14 Fe2(C03)3 lb /h m 
15 MgC03 lb /h m· 
16 Al203 lb /h m 
17 Si02 lb /h m 
18 Undetermined lb /h m. 
19 CaS04 lb /h m 
.20 Cao lb /h m 
21 Fe203 lb /h m 
22 MgO lb /h m 
23 HCl lb /h m 
24. NO lb /h x m 

.25 Temperature OF 

26 Pressure psia 

27 Total pounds lb /h m 
28 Total moles of gas lb-mol/h 

29 Standard cubic feet scf/h 

30 Actu~l cubic.feet acf/h 

31 Molecular weight lb /lb-mol 
Ill 
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* TXX - pseudo flue gas stream leaving the bed (vector), 

QRFB - total energy released in LDP. 

6.4.3 Energy balance routines 

6.4.3.1 Subroutine TCAL. This routine calculates the final 

temperature of a stream of gases and solids when a certain amount of heat 

is transferred to or from the stream. The procedure is iterative, and 

the convergence method used is the Regula-Falsi. Input to this routine is 

listed below: 

Q - heat transfer to or from stream (Btu/h), 

TT - initial temperature of stream (6 F), 

* AAA~ stream being heated or cooled (vector), 

V - volatility of coal (vector),* 

The output is the final temperature TF of the stream and is found 

from the sensible heat equation: 

(6.1) 

c = specific heat capacity, Btu/ 0 R-lb , p , m 

m = mass flow ratQ, lb /h, m 

Q = heat transfer, Btu/h, 

TF ;:: final temperature, OR, 

TI = inlet temperature, oR. 

6.4.3.2 Subroutine NOGEN. This routine simulates a section of the 

fr~eboard with no heat released ~nd no tube bundle. Only waterwall tuheR 

are present. Input is as follows: 

NIP __;, starting index corresponding to a section of the freeboard, 

N - final index corresponding to a section of the freeboard, 

*' See Table 6.6. 

.• 
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A - area of the waterwall heat transfer surface corresponding 

to each value of the index (vector), 

X - stream components (vector), * 
U - waterwai1· heat transfer coefficients corresponding to section 

NIP through N,. 

TI - temperature of the stream entering section NIP of the freeboard. 

Output information includes the following: 

TF - temperature of the stream leaving section N of thefreeboard; 

TSO - temperature leaving each increment of freeboard (vector), 

Q - total heat transferred to the material in section NIP thrpugh N. 

The process is iterative, and the converge.nee method is again 

Regula-Falsi. Specifically, the sensible heat equation and the following 

heat transfer d.esign equation are solved simultaneously to determine the 

final temperature and heat duty of the waterwalls: 

and 

where 

u 
WW 

A 
WW 

(LMTD) , 

A = area of waterwall in this section, it2 , 
WW 

LMTD =_log mean temperature difference, 0 R, 

QFG = energy given up by flue gas, Btu/h, 

. Qww = energy absorbed by waterwalls, Btu/h, 

u = overall heat transfer coefficient of waterwalls, 
WW 

(6.2) 

(6.3) 

Btu/h-ft2- 0 R. 

· 6.4.3.3 Subroutine BED. This routine determines the heat absorbed 

in the waterwall section of the bed. Input inc;Ludes NB, number of segments 

in the bed; AB, area of waten.Tall associated with each segment (vector); 

* SP.P. T..::ible 6.6. 
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and U, heat transfer coefficients in that segment (vector). Output is 

QBWW, total energy absorbed by the waterwalls, which is found directly 

from the heat transfer design equation [Eq. · (6. 2)] • 

6.4.3.4 Subroutine LDP. This routine simulates the region just above 

the bed level. In this region additional.heat is released due to combus

tion of carbon and/or carbon monoxide. This program calculates the heat 

absorbed by the waterwalls and determines the temperature of the com

ponents leaving this region. 

This routine requires the following input: 

N - number of segments in this section, 

A - area of the watcrwall heat transfer .!urface in each ~egment 

(vector), 

* X - stream leaving this region (vector), 
*· Y - stream entering this region (vector), 

U - heat transfer coefficient of each segment in this region 

(vector), 

Q - heat released in this region due to carbon and/or carbon 

monoxide combustion. 

SHCO - the sensible heat of the c&rbon monoxide component in stream Y. 

The output from this routine is TF, final temperature of the stream 

leaving the region, and QWW, total energy absorbed by the waterwalls in 

the region. 

The energy liberated in this section mm;t go to one of two places: 

as sensible heat of the flue gas or as energy absorbed by the waterwalls. 

Since a chemical reaction is occurring, the total energy released is found 

by assuming an outlet temperature and. evaluating 

Q = E~[C (T - T ') + H ] REL p F R f nutlet 

- E~[C (TI - TR) + Hf]. l (6.4) · p in et 

where Hf is heat·of formation of the components at the reference 

temperature of 520°R, Btu/lbm' and TR is reference temperature, 0 R. The 

* See Table 6.6. 
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energy absorbed by the waterwalls and the gas is then found from 

Eqs. (6.2) and (6.3). Tlie estimated value of the temperature is then 

varied until the heat release is equal to that absorbed by the waterwalls 

and the gas. The convergence method used is Regula-Falsi. 

6.4.3.5 Subroutine BUND. This routine simulates a section of 

freeboard with a waterwall and a ·tube bundle. Heat is not released in 

this section. 

Input to this routine ·includes the following: 

X - stream er:itering"the section of freeboard (vector),* 

AB - area of the bundle,· 

UB - overall ·heat transfer coefficient of the bundle, 
-.\. '' 

NI - .in9ex .. ,ai:;;signed. to the first segment in this section, 

NF - index assigned to the final segment in the section, 
l ' ~ '· !: '!,.'. I) 

TI - temper.atur·e of· the gas entering the section, 
. '.11 ' ~ ~~; ' : ; ' . t' 

·Aw - area of.each segment in the waterwall in the section.(vector), 
· 

11 
'• ':J.11' I' ·. 

UW - overall heat transfer coefficient of each segment of the 
j' I ,I' 

waterwall in 'tii~': section (vector), 
. . 1:, .. t• : . 

TBOUT·- temperature df' fluid entering or leaving bundle on the tube 

side. 
I. 

Output of this routine includes the following: 
!11 

·TF - final temperature of the flue gas leaving the section, 
. I•' 

QB - heat duty of the bundle in the section, 

QW - heat· duty: of waterwall in the section, 

TF - fina'l t 1emperature of the gas leaving the bundle. 
'1 ·'. • 

Energy is being absorbed by both the waterwalls and the bundle. To 

close the energy balance about this section, the outlet temperature is 

assumed and the following equations are evaluated: 

(6.3) 

* See Table 6.6. 
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U A (LMTD) , 
WW WW 

(6.2) 

and 

ubund ~und (LMTD) ' (6.5) 

where ~und = area of the tube bundle in the section, ft 2 , Qbund = heat 

transfer to the bundle, Btu/h, and U = overall heat transfer coeffi-bund 
cient, Btu/h ft2 ·°F. Since 

the temperature of the flue gas is varied until ·the energy balance 

Eq. (6.6) is satisfied. The convergence method is Regula-Falsi. 

6.4.4 Property routines 

(b.b) 

These routines calculate either a physical or a thermodynamic 

property of a stream. The routines, which have been.extensively docu-. 

mented in the code, are summarized in Table 6.7. The inputs to these 

routines are the stream vectors and the constants necessary to calculate 

the desired property. The vaiues 0£ the constants are given in the 

reference specified in the table. In addition, ·a pr.operty routine that 

can· calculate the overall heat transfer. coefficient was developed by 

M. H. Culver and is described below. 

In each section of an AFDC, heat is transferred for the generation 

of steam. Heat transfer surfaces are located in each section (plenum, 

bed, LDP, freeboard, .and freeboard bundle) • Calculation of the surf ace 
~ 

heat duties requires the calculation of an ov~rall heat transfer coef fi-

cient. The expressions used to calculate these quantities depend on the 

location (submerged or freeboard) and type of heat duty (boiling or 

superheating). 

The overall heat transfer coefficient is evaluated by this routine. 

Figure 6. 5 is a flow diagram of this routine. An index transferred to .the,. 
' code describes the type and geometry of the heat transfer equipment 
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Table 6.7. Property subroutines 

Subroutine 

GAS CAT 

SOLLAT 

HCAL 

Properties calculated 

Total pounds, total moles, 
total standard cubic feet 
and actual cubic feet of 
gas stream 

Total pounds of solid in 
the stream 

Total energy of the stream 
above 25° 

SENHT Total sensible energy of 

.~ 

TCON 

vis·c 

HCAP 

the strearri above reference 
temperature 

Thermal conductivity of the 
gas stream 

Viscosity of the gas stream 
\: 

Heat capacity of the gas 
stream 

Reference 

None 

None 

Smith and Van Ness, 
Introduction to Chemical 
Engineering Thermodynamics, 
McGraw Hill Co. 

Smith and Van Ness, 
Introduction to Chemical 
Engineering Thermodynamics, 
McGraw Hill Co. · 

Office of Coal Research 
Report No. 22, Interim 
Report No. 7 

Office of Coal Research 
Report No. 22, Interim 
Report No. 7 

Smith and Van Ness, 
Introduction to Chemical 
Engineering Thermodynamics, 
McGraw Hill Co. 

present. The physical properties are calculated by property routines 

described previously. Based on this, t.he appropriate equations in · 

Tables 6.8 and 6.9 are used to calculate overall heat transfer coefficients. 

The LDP is the only region of the fluidized bed that requires an 

assumption of the heat transfer coefficient. Here the particle concen

tration gradient and combustion of carbon monoxide make predictions of 

the radiation and convection components of the heat transfer coefficients· 

difficult. No correlations now exist that allow prediction of this 

heat transfer coefficient from physical properties. 

6.4.5 Output routines 

The output routines used in this code are (1) BOP (bed energy balance 

results), (2) POP (plenum energy balance results), (3) LOP (LDP energy 
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Table 6.8. Heat transfer correlation for submerged surfaces 

Horizontal tube bundle 

Convection: 

For particles ~1000 µm, L. Glicksman and N. Decker equation (Glicksman 
and Decker 1979) 

he = (k/V (1 - 0) [9.42 + 0.042 ~g::u0}rJ 

For particles <1000 µm, modified Vreedenberg equation (Louis and Tun_g 
1977) 

Radiation: 

Stefan-Boltzmann equation (Kern 1950) 

[(T /100) 4 - (T /100)4] 
g w 

T T 
g w 

Note: All gas properties ·are evaluated at the film temperature. 

Waterwalls 

Convection: 

Bartholomew and Katz equation (Bartholomew and Katz 1952) 

1.560 + ln [(pd U /µ )F -2/3 - 0.012] 
g P· o g dm 

-0.227 Pr2/3 F0.42 
dm 
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Table 6.8 (continued) 

Radiation: 

Stefan-Boltzmann equation (Kern 1950) 

h 
r 

(T /100) 4 - (T /100) 4 
g w 

T - T 
g w 

Note: All gas properties are evaluated at the film temperature. 

Table 6. 9. Heat transfer correlations for freeboard .surfaces 

Tube bundles 

Convection: Grimson correlation (McAdams 1954) 

h = (k /d )(0 542)(dtGmax~0.568 (Pr)l/3 
c g t • µ 

g 

Radiation: Stefan-Boltzmann equation (Kern 1950) 

e (T /100) 11 
- e (T /loo) 11 

hr = 0~173(Ff) g g w · w 
T - T 
·g w 

Waterwalls 

Convection: Sieder-Tate equation (Brown and Associates 1966) 

h = (k /D )(0.02~)(DtUoµg)0.8 (Pr)l/3(µ /µ )0.14 
c g t µ g w 

. B 
' . 

Radiation: Same as in tube bundle 

Note: Gas properties are evaluated at the film temperature for tube 
bundles and at the gas bulk temperature for waterwalls. 

,, . 

•. 
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balance results), and (4) HOP (freeboard convection section energy balance 

results). When called, these routines print the headings and the cal

culated values generated by the code. A typical printout from these 

routines is shown in Fig. 6.4. 

6.5 Results 

Typical material balance results for a multicell AFBC are shown in 

Fig. 6.3, where the results generated by the code are shown in boxes. 

This balance was completed based on the input data given in Table 6.1. 

Figure 6.4 shows the energy and temperature profile generated by the 

code for the main cell, specifically, the temperature profile through 

each segment of the cell (plenum, bed, LDP, freeboard, and convective 

bundle). Calculated overall heat transfer coefficients and heat duty 

for the exchange equipment (submerged and freeboard) are also given. At 

present, this code. has not been used to predict any of TVA's proposed 

AFBCs. 

6.6 Reconunendation for Future Work 

·As can be seen, the current code can simulate many different AFBC 

configurations, but it is not yet a predictive tool. It closes the 

material balanGe based on vendor-supplied dat~ (Table 6.1). In the 

upcoming year the predictive subcodes described earlier in this report 

will be incorporated into the overall system code. This overall system 

code will then be used to analyze and improve proposed TVA AFBC designs. 

6.7 Sununary 

The overall AFBC system code is a flexible code that can simulate the 

performance of the system for multiple heat exchanger equipment arrange

ments in the bed and various operating conditions. The code contains 

several computer routines to perform the material and energy balances 

for the steam and coal sides of the AFBC. The major routines used in the 

system code are 

1. control routines, 

2. material balance, 
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3. energy balance, 

4. physical and thermodynamic properties, and 

5. output. 

The AFBC main cell is divided into the following sections: 

1. plenum, 

2. bed (dense region) 

3. less-dense region, 

4. freeboard, and 

5. free board bundle. 

These sections represent operations of phenomena that are known to 

occur on the coal side of a typical AFBC. Each of these sections is 

further divided into indexes. For each index or group, of indexes, the 

geometry of the heat transfer surface is read in. Appropriate correlations 

in Tables 6.8 and 6.9 are used in the code to calculate the overall heat 

transfer coefficients in each segment. The material balance calculations 

are based on user-supplied data (Table 6.1). The energy balance and 

temperature profile through each segment of the cell are calculated in 

the code. 

The system code is not yet a predictive code. It closes the material 

balance on user-supplied data. The predictive subcodes described in 

this report will eventually be integrated into the overall system code. At 

that point the code can be used to analyze and improve proposed AFBC 

designs. 

'•. 



REFERENCES 

A. v. Amitin, I. G. Martyushin, and D. A. Gurevich, 1968. Chem. Technol. 
Fuels Oils (USSR) 3-4: 181. 

D. B. Anthony and J. B. Howard, 1976. AIChE J. 22(4): 625-56. 

D. B. Anthony et al., 1976. Fuel 55(2): 121. 

J. R. Arthur, 1951. Trans. Faraday Soc. 47: 164. 

M. M. Avedesian and J. F. Davidson, 1973. Trans. Inst. Chem. Eng. 
51: 121. 

S. P. Babu, B. Shah, and A. Talwalkar, 1978. AIChE Symp. Ser. No. 1?6 
74: 176-86. 

S. Badzioch, 1961. Br. Coal Util. Res. Assoc. Mon. Bull. 25(8): 285. 

R. E. Baron, J. L. Hodges, and A. F. Sarafin, 1977. "A Model of Coal 
Combustion in Fluidized-Bed Combustors," paper presented to AIChE 
Annual Meeting, New York. 

R. N. Bartholomew and D. L. Katz, 1952. AIChE Symp. Ser. No. 4 45: 3. 

P. Basu, 1976. Ph.D. dissertation, The University of Aston in Birmingham, 
United Kingdom. 

P. Basu, J. Broughton, and D. E. Elliot, 1975. Paper A3 in Pl•oc. 
Institute of Fuel Symposiwn Series No. 1: Fluidized Combustion, 
London. 

H. A. Becker, J.M. Beer, and B. M. Gibbs, 1975. Paper A-1 in Proc. 
Institute of Fuel Symposiwn Series No. 1: Fluidized Combustion, 
London. 

J.M. Be~r, Massachusetts Institute of Technology, Cambridge, 1978. 
Personal communications to J. W. Wells. 

J.M. _Beer et al., 1978. U.S. Department of Energy, Proc. Fifth Inter
national Conference on Fluidized Combustion, Washington, D.C. 

R. J. Botton, 1966. AIChF. Symp. Ser. No. 101 66: 8-18. 

G. B. Brown and Associates, 1966. um:t Operati.ons, Wiley, New 
York. 

B&W (Babcock and Wilcox), 1979a. Quarterly Technical Progress Report for 
Period January Through March 19?9, LR:79:4775:01, Lynchburg, Va. 

125 



126 

B&W (Babcock and Wilcox), 1979b. Quarterly Report for Period July 
Through September 1979, LR:79:4775:04, Lynchburg, Va. 

E. K. Campbell and J. F. Davidson, 1975. Paper A-2 in Proc. Institute 
of Fuel Symposium Series No. 1: Fluidized Combustion, London. 

G. S. Canada, M. H. McLaughlin, and G. W. Staub, 1978. AIChE Symp. 
Ser. No. 176 74: 14-26. 

H. S. Caram and N. R. Amundson, 1977. Ind. Eng. Chem. Fundcon. 
16(2): 171-81. 

L. S. Caretto, 1977. "Modeling Fluidized-Bed Combustion," paper pre
sented at the 1977 Fall Meeting, Western States Section, The 
Combustion lnstitute, Stanford Uni vend Ly, Slaufuul, Calif. 

N. M. Catipovic, G. N. Jovanovic, and T. J. Fitzgerald, 1978. AIChE J .. 
24(3): 543-47. 

R. K. Chakraborty and J .. R. Howard, 1978. J. Inst. Fuel, 51(409): 220. 

T. P. Chen and S. Saxena," 1977. F'uel 56: 401. 

D. F. Ciliberti, A. Y. Ranadive, and D. L. Keairns, 1979. P~ticle 
Profiles in Fluidized-Bed Systems, Report for Argonne National 
Laboratory under Contract No. 31-109-38-3976, Westinghouse Research 
and Development Center, Pittsburgh, Pa~ 

R. R. Cranfield, 1978. ALChE' Symp. Ser. No. l?o 74: 54-59. 

R. R. Cranfield and D. Geldart, 1974. Chemi. Eng. Sci. 29: 935-47. 

J. F. Davidson· and D. Harrison, 1963. Fluidized Particles, Univ. Press, 
Cambridge, United Kingdom. 

I. G. C. Dryden, 1957. J. Inst. Fuel 30: 193-222. 

S. Dutta and C. Y. Wen, 1977. Ind. Eng. Cham. Prioa.ess 16: 31. 

EPRI (Electric Power Research Institute), 1976. Swronary Evaluat·ion of 
Atmospheric 'Pressure Ftuidized-Bed Combustion Appl·ied l;o Electr·ic 
Utitity Large Steam Generators, EPRI FP-308 (Research Project 412-1), 
Pale• Al t•J, C.:iJ:i f, 

R. H. Essenhigh, 1961. J. Inst. Fuel 34: 239. 

M. A. Field et al., 1967. Coal Util. Res. Assoc. Mon. Bull. 3(4): 186-218. 

W. H. Fleischman, ORNL, Oak Ridge, Tenn., 1978. Personal communication 
to J. W. Wells. 

D. Geldart, 1977. Gas Fluidization, Center for Professional Advancement, 
Somerville, N.J. 



.. 

127 

D. Geldart, 1979. Advanced Fluidization, Center for Professional 
Advancement, Somerville, N.J. 

B. M. Gibbs, 1975. Paper A-5 in Proc. Institute of Fuel Symposiwn 
Series No. 1: Fluidized Combustion, London . 

B. M. Gibbs, F. J. Pereira, and J. M. Beer, .1975. Paper D-6 ih Proc. 
Institute of Fuel Symposiwn Series No. 1: Fluidized Combustion, 
London. 

L. R. Glicksrnan and N. Decker, 1979. "Heat Transfer in Fluidized Beds 
with Large Particles," paper presented at MIT Industrial Liaison 
Symposium on Fluidized Combustion of Coal, Jan. 18, 1979, Cambridge, 
Mass. 

A. L. Gordon and N. R. Amundson, 1976. Chem. Eng. Sci. 31: 1163. 

D. R. Gregory and R. F. Littlejohn, 1965. Br. Coal Util. Res. Assoc. 
Mon. Bull. 29(6): 173-80. 

R. J. Hamor, I. W. Smith, and R. J. Ty.ier, 1973. Combust. Flame 21: 153. 

M. Hartman and J. Pata, 1978. Ind. ·Eng. C'hem. Process Des. Dev. 
17(3): 231-36. 

D. B. Henschel, 1978. Environ. Sci. Technol. 12(5): 534. 

J. Highley and D. Merrick, 1971. AIChE Symp. Ser. No. 116 67: 219. 

M. Horio, S. Mori, and I. Muchi, 1977. P. 609 in Proc. Fifth Pacific 
Conf~rence on Fluidization, Washington, D.C. 

M. Horio and C. Y. Wen, 1977. AIChE Symp. Ser. No. 161 73: 9-21. 

M. Horio et al.; 1977. Fluidized-Bed Combustion Modeling, NASA-19725, 
National Aeronautics and Space Administration, Lewis Research Center, 
Cleveland, Ohio. 

H. C. Howard, 1963. "Pyrolytic Reactions. of Coal," pp. 340-94 in 
Chemistry of Coal Utilization, ·suppl. Ed., H. H. Lowry, ed., Wiley, 
New York. 

J. B. Howard and R. H. Essenhigh, 1967. Ind. Eng. Chem. Process Des. 
Dev. 6(1): 74. 

J. L. Johnson, 1974. "Kluetics of Bi turninous Coal Char Gasification 
with Gases Containing Stearn and Hydrogen," pp. 145-78 in ACS Advances 
in Chemistry Series 131 - Coal Gasification, L. E. Massey, ed., 
Washington, D.C. 



128 

J. F. Jones et al., 1972. Char Oil "Energy Development, OCR-RDR-73-IR-l, 
R&D Report 73, Interim Report No. 1 (July 1971-June 1972), FMC Corpora
tion, Princeton, N.J. 

W. I. Jones, 1964. J. Inst. F'uel 37: 3-11. 

D. Q. Kern, 1950. Process Heat Tr>ansfer, McGraw-Hill, New York. 

G. M. Kimber and M. D. Gray, 1967. Combust. Flame 11: 360. 

D. Kunii and O. Levenspiel, 1977. Fluidization E:ngineer>ing, Krieger, 
New York. 

N. M. Laurendeau, 1978. Proc. E'ne1•gy Combust. Sc·i. 4: 221. 

R. Loison and F. Chauvin, 1964. Chem. Ind., Paris 91: 285. 

J. F. Louis and S. E. 'l'ung, 1977. "Modeling of Fluidized-Bed Combu8tiou 
of Coal," Qu.arter>ly Technical Progr>ess Repor>t, Aug. 1, 197?-0ct. 31,. 
19??, MIT-2295-1-6, Massachusetts Institute of Technology, Cambridge. 

H. H. Lowry, H. G. Landau, and L. L. Naugle, 1941. Co1•1•eZul·lun uf Uud 
Bu.reau of Mines - American Gas Association Assay Tests with Coal 
Analysis, Eng. Tech. Puhl. No. 1332, Am. Inst. of Mining and Metal, 
New York . 

. T. M. Matsen~ 1973. AIChE Symp. Ser. No. 128 69.: 30-33. 

W. H. McAdams, 1954. Heat Transmission, McGraw-Hill, New York. 

D. Merrick and J. Highley, 1974. AIChE Syrrrp. Ser. No. 13? 70: 366-78. 

J.P. Meyer et al., 1979. Mathematical Modeling of Hygae Pilot Plant 
_Reactor, ORNL- 5 4 7 5 • 

K. Miwa, S. Mori, and I. Muchi, 1970. P. 243 in Proc. 4th 'Autwrm Meeting 
of Society of Chemical E:ngineer>a, Japan. 

T. M. Modrak et al., 1979. "EPRI/B&W Fluidi_zed-Bed Combustion Develop
. ment Facility: Initial Test Results," paper presented at AIChE 
conference. 

S. Mull <Wd ~. Y. Wen, 1975. AIC'h.E J. 21(1): 109 15. 

M. F. R. Mulcahey and I. W. Smith, 1969. Rev. Pure Appl. Chem. 19: 81. 

R. A. Newby et al., 1978. Effect of S0 2 Emission Requirements on 
Fluidized-Bed Combustion Systems, EPA-600/r-r8-l6~, U.H. ftnvironmental 
Protection Agency, Research Triangle Park, N.C. 

: ,, 



. •, 

... 

129 

B. W. Overturf and F. Kayihan, 1979. Powder Technol. 23: 143-47. 

D. Park, 0. Levenspiel, and T. J. Fitzgerald, 1979. "A Model for 
Large-Scale Atmospheric Fluidized-Bed Combustors," paper presented 
at 72nd Annual AIChE Meeting, San Francisco. 

W. Peters and H. Bertung, 1965. Fuel 44: 317. 

G. J. Pitt, 1962. Fuel 41: 267. 

P. R. Rajan, R. Krischnan, and C. Y. Wen, 1978. Simulation of Fluidized
Bed Combustors, NASA CR-159529, National Aeronautics and Space 
Administration, Lewis Research Center, Cleveland, Ohio. 

G. V. Reklaitis, Purdue University, West Lafayette, Ind., 1978. Personal 
communication to J. P. Meyer, ORNL, Oak Ridge, Tenn. 

G. V. Reklaitis et al., 1977. System Studies of Coal Conversion 
Processes Using a Reference Simulator, quarterly report prepared 
under ERDA Contract EX 76-C-01-2275, Purdue University, Lafayette, Ind. 

R. Rengarajan, R. Krishnan, and C. Y. Wen, 1979. Simulation of Fluidized 
Bed Coal Combustors, NASA CR-159529, National Aeronautics and Space 
Administration, Lewis Research Center, Cleveland, Ohio. 

P. N. Rowe and B. A. Partridge, 1965. Trans. Inst. Chem. Eng. 43: 157. 

A. F. Sarofim and J. M. Beer, 1978. ''Modeling of a Fluidized-Bed Com
bustor," paper presented at 17th International Symposium on Combustion, 
Leeds, England. 

A. Sass, 1974. Chem. Eng. Prag. 72: 72. 

E. A. Shapatina, V. A. Kalyuzh~ni, and Z. F. Chukharov, 1961. Tech
nological Utilization of Fuel for Energy, 1. - Thermal Treatment of 
Fuels, 1960. Reviewed by S. Badzioch, Br. Coal Util. Res. Assoc. Mon. 
BuU. 25: 285 . 

I. W. Smith, 1971. Combust .. Flame 17: 303-14 . 
• 1, 

I. W. Smith and R. J. Tyler, 1972. Fuel 51: 316. 

I. S; Sokolnikoff and R. Redheffer, 1966. Mathematics of Physics and 
M()il.em. Engi.neeriing, McGraw-Hill, New York . 

F. W. St;:11.1b and G. S. Canada, 1970. ·pp. 339-45 in Proc. ;M Engineering 
Foundation Conference, Trinity College, Cambridge, England. 

E. H. Suuberg, W. A. Peters; and J. B. Howard, 1977. "Product Composi
tion and Kinetics of Lignite Pyrolysis," paper presented at 173d 
National Meeting of the American Chemical Society, New Orleans, La. 



130 

I. Tanaka and H. Shinohara, 1972. Mem. Fae. Eng. 32(2): 117. 

R. Toei et.al., 1974. J. Chem. Eng. Japan 7(6): 447. 

R. D. Toomey and H. F. Johnstone, 1952. Chem. Eng. Frog. 48: 220. 

C. Y. Wen and L. H. Chen, 1979. "A Mathematical Model for Pyrolysis 
of coal," p. 158 in Coal Conversion Technology, c. Y. Wen and E. s. 
Lee, eds., Addison-Wesley, Reading, Mass. 

c. Y. Wen and R. F. Hashinger, 1960. AIChE J. 6: 220. 

c. Y. Wen and s. Tone, 1978. ACS Symp. Ser. No. 72, Chem. Reac.t. Eng. 
Rev., Houston, p. 56. 

c. Y, Wen and Y. H. Yu~ :)..966. AIChE J. 12: 610. 

J. Werther, 1978. Ger. Chem. Eng. 1: 243-51. 

S. Yagi and T. Aochi, 1955 •. Paper presented to Soc.·Chem. Eng., Japan, 
spring meeting. 

J. G. Yates, 1975. Chem. Eng. (London) 1975(303): 667. 

P. (:. Yellow, 1975. Br. Coal Util. Res. Assoc. Mon. BuU·. 29(9): 285-308. 

F. A. Zenz and N. A. Weil, 1958. AIChE J. 4: 472. 



Append, ix A 

DERIVATION OF SLOW-BUBBLE REGION (PLUG FLOW) COMPONENT 
BALANCE EQUATIONS 

Oz balance· 

Considering a control volume 6.V = A 6.z in the slow-bubble region 
XS 

of the bed, the oxygen mass balance can be written as 

where 

FSB(V) 
Oz 

(A.l) 

F~:(V), F~:(v + 6.V) =molar flow rate in and out of control volume. 

6.V, respectively, g-mol/s, 

DCOMB 
Oz 

Oz molar consumption rate in 6.V due to 

reactions 1 and 2 (see Tabie 5.4), g-mol/s, 

DDEV Oz molar consumption rate due to devolatiliza-
Oz 

tion in 6.V, g-mol/s. 

The term DCOMB can be-expressed as 
Oz 

· .' · COMB 1 All R ( T . ) . 1 T 
. . D02 = z ~ R1 ~PLUG i (1 - o)6.V + z Rz 06.V ,-

i . 

(A~2) 

where 

RI rate of C + 0.50z + CO reaction for a carbon particle of 

radius R, g-mol of carbon consumed/cmz-s, 

/;;PLUG - specific surface area of carbon particles with a radius 

between R and R + 6.R per unit volume of the bed, cm2/cm3, 

o =total void fraction of 6.V,.dimensionless. 

Ri rate of CO + 0.502 + COz reaction per unit volume of gas, 

g-mol of CO consurn~d/cm3. 
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The expressions for Ri and R~ are given in Table 5.4. The quantity ~PLUG 
for char particles of radius R is defined as 

where 

t;PLUG = (A.3) 

R radius of char particle, cm, 

W~HAR may of char in bed, g, 

pB(R) = differential particle size distribution of radius R char 

in the bed, cm-l, 

PcHAR ~ density of char, g/cm3, 

S ~ average total voidage of the bed, dimensionless. 

In the above expressions the terms o and 6 represent the total void 

(bubble and emulsion) fraction in the control volume t:.V and the average 

total void fraction in the bed respectively. These quant:it:ies can be 

ex.prQQ,Had ai; 

an.d 

,e:mf =void fraction at minimum fluidization, dimensionless, 

e:B = bubble vul<lage. lu 1..:uuU.'ul vulume t:.V, dimensionless, 

e:B average bubble voidage of bed defined by Eq. (5.23), 

dimensionless. 

(A .4) 

(A. 5) 

The voidage at minimum fluidization e:mf is assumed constant in this work. 

The value of e:B is determined from the ORNL bubble-growth model as 
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. 
VB 

£ = --
B u ' 

B 

(A.6) 

. 
where VB is volumetric flux through the bubble phase in control volume 

~V, cm3/cm2-s, and uB is velocity of the bubble in control volume ~V, 

cm/s. The term ng~v in Eq. (A.l) is expressed as 

(A. 7) 

These quantities are defined by Eqs. (5.23), (5.24), (A.4), and (A.5). 

If Eqs. (A.2) and (A.7) are substituted into Eq. (A.l) and the 

limit taken as ~V approaches zero, the following equation results: 

By definition, 

and 

av = A dz , 
XS 

(A.8) 
(1 - °8) 

(A.9) 

(A.10) 

• 3/ SB where VT is volume flow rate of gas, cm s, c
02 

is molar concentration of 

02, g-mol/cm3, and dz is differential inc.r.ement of height, cm. If con

stant volumetric flow rate is assumed, the differential material balance 

[Eq. (A.8)] becomP.s 
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- o) - i R~ o 

(A.11) 

which is the differential 02 balance for the slow-bubble region of ·the bed. 

CO balance 

Considering a control volume ~V = A 6z in the slow-bubble region 
XS 

of the bed, the carbon monoxide balance can be written as 

where 

(A.12) 

F~~(V), F~~(V + 6V) =molar CO flow rate in and out of control 

volume 6V, g-mol/s,. 

CO generation rate in 6V due to reactions 1 and 

3 (see Table 5.4), g-mol/s, 

G~~V "" CO generation rate in .AV n11P. f.n devolatiliiatiort, 

g-mol/s, 

COMB Dea CO consumption rate in 6V due to reaction 2 

(see Table 5.4), g~mol/s. 

COMB 
The term Geo can.be expressed as 

GCOMB 
co - [All~·. 

) 
· All R ( T )1 

/;PLUG i + 2 ~ . R:.i r:.l:'LUt; 'J (l - o)~V (.A..13) 

where RI and R1 are defined in Table 5.4 and i;PLUG and o are defined by 

Eqs. (A.3) and (A.4), respectively. The term cg~v can be written as 
.. 
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(1 - EB) 
~co (1 - o)~v , 

(1 - iS) 
(A.14) 

where ~CO is defined by Eq. (5.25), £Bis defined by Eq. (5.23), iS is 

defined by Eq. (A.5), and o is defined by Eq. (A.4). The term nggMB can 

·be written as 

(A.15) 

where R~ is given in Table 5.4 and o is defined by Eq. (A.4). 

If Eqs. (A.13), (A.14), and (A.15) are substituted into Eq. (A.12), 

the resulting equation is divided by ~V, and the limit taken as ~V 

approaches.zero, the following equation results: 

R ( T . ) . All R (, T ) l 
Ri ~PLUG i + 2 I \R3 ~PLUG i (l - o) 

T [ (1 - E.B-) l 
- R2 o + ~co 

1 - 0 
(1 - o) • (A.16) 

Then by Eqs. (A.9) and (A.10) and the as~umption of constant volumetric 

flow rate, Eq. (A~l6) becomes. 

SB ( . ) 
deco - Axs J All R( T . All R ( T ) 

dz - v l ~ ' Ri ~PLUG i + 2 ~ . R;i ~PLUG 1 (l - o) 

-TRI 0 + t co [ (l €~) l 1 - 0 } (A.17) ' 
(1 - o) J 

which is the differential CO balance for the slow-bubble region of· the 

bed. 
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C02 balance 

Considering a control volume (6V = A 6z) in the slow-bubble region 
XS 

of the bed, the following carbon dioxide balance can be written as 

(A.18) 

whe1·e 

SB FSB (V + 6V) molar co2 flow rate in and of control FC02(V), = out C02 · 
volume 6V, g-mol/s, 

GCOMB = C02 ~l;'.11~ration rate due to reaction 2 (se~ 
C:02 

Table 5. 4). g-mol/s, 

C02 consumption rate in 6V due to reaction 3 

(see Table 5.4), g-mol/s. 

h GCOMB · E (A 18) b d T e term C0
2 

in q. • can e expresse as 

Ri MV , (A.19) 

h RT . . . T bl 5 4 d ~ . w ere 2 is given in a e • an u is given by Eq. (A.4). The term 

nCOMB can be written as 
C02 

(A.20) 

where ~PLUG and o are defined by Eqs. (A.3) and (A •. 4). 

If Eqs. (A.19) and (A.20) are substi,tuted into .Eq. (A.18) and the 

limit evaluated as 6V approaches zero, the following equation results: 

= RT2 o - Al~ R (RT r: ) ' (1 ~) I 3 ~PLUG i - u (A.21) 

Then, by Eqs. (A.9) and (A.10) and the assumption of constant volumetric 

flow rate, Eq. (A.21) becomes 

• 
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- Alt R (RI <PLUG) i (1 - 0)] , (A.22) 

which is the differential C02 balance for the slow-bubble region of the 

bed. 
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Appendix B 

DERIVATION OF FAST-BUBBLE REGION 
COMPONENT BALANCES 

In the fast-bubble region two separate phases, the bubble and 

emulsion phases as described earlier, are assumed to exist. In each 

phase, three balances (02 , CO, and C02) are made as follows. 

Emulsion phase 02 balance 

Considering a control volume (~V = A ~z) in the fast-bubble region 
XS · 

of the bed, the following oxygen balance for the emulsion phase can be 

written as 

FEMUL(V) + M02 = FEMUL(V + ~V) + DCOMB + DDEV 
02 02 02 02 

(B .1) 

where 

FEMUL(V) FEMUL(V + ~V) - molar flow rate of 02 in and out of 
02 ' 02 

The term Mo can be 
2 

M02 = ":s (cBUB 
· E 02 

emulsion phase in ~V, g-mol/s, 

M
02 

molar flow rate of Oz to the emulsion phase 

from bubble phase, g-mol/s, 

emulsion phase 02 consumption rate in ~V 

due to reactions 1 and 2 (see Table 5.4), 

g-mol/s, 

emulsion phase o2 consumption rate due to 

devolatilization in ~V, g-mol/s. 

eicpressed as 

E>ID~ - C02 e:B~V ' (B.2) 

139 



where 

140 

KBE bubble-emulsion phase interchange coefficient from 

Eq. (5.20), l/s, 

molar concentration of 02 in bubble and emulsion phases 

of fast-bubble region, g~mol/cm 3 , 

£a bubble voidage at 6z defined by Eq. (A.6), dimensionless. 

The term DCOMB is defined as 
02 

where 

RT RT2 
l ' 

l [All R(, T ) 
2 t \R'i f;EMUL i + (B.3) 

rates of C + 1/202 ~ CO and CO + 1/202 ~ C02 for a char 

particle of radius R, g-mol/cmL-s, 

specific surface area of carbon particles with a radius 

·between R and R + 6R per unit volume of the emulsiun pl1a::ie, 

£B bubble voidage at 6z defined by Eq, (A.6), dimensionless, 

£m£ voidage at minimum fluidization, dimensionless. 

The expressions for Rf and R~ are given in Table 5.4. The term f;EMUL 

for char particles between R and R + 6R is 

where 

~EMUL - (B. 4). 

R = radius of char particle, cm, 

WCHAR = bed weight of char, g, 
B 

PB(R) differential particle distribution of radius R char in the 

bed, l/cm, 

,, 

,:f 
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pCHAR = char density, g/cm3, 

£B average bubble voidage of bed defined by Eq. (5.23), 

dimensionless. 

The summation term in Eq~ (B.3) represents the total amounts of carbon 

consumed by the carbon particles existing in control volume ~V, and the 

term DDEV in Eq. (B.l) can be expressed as 
02 

(B.5) 

These quantities are defined by Eqs. (5.23) and (A.6). 

If Eqs. (B.2), (B.3), and (B.5) are substituted into Eq. (B.l) and 

the limit taken as ~V approaches zero, the following equation results: 

av 
1 [All R ( T ) - 2 t Ri ~EMUL i + 

- •02(1 - OB)+ ~E (c~~B - c~~UL)oB . (B.6) 

. EMUL . 
Now the term F

02 
represents the molar flow rate of 02 in emulsion phase. 

Then, by definition, 

(B. 7) 

. 
where VEMUL is volumetric flow rate of the gas through the emulsion phase 

and is equal to 

. 
VEMUL (B. 8) 

Here UEMUL is velocity of the gas in the interstitial spaces of the 

emulsion phase and ~MUL is the area available for flow in the emulsion 

phase. Since dV = A dz, 
XS 



dV A dz 
XS 

U A mf XS 
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d 81 - EB) C~~LJ 
A dz 

XS 

(B. 9) 

EMUL Now Eq. (B.9) is solved for dC
02 

/dz, 

dCEMUL 
--"0 .... 2_ ... -- - 1 

(lL 10) dz (1 - I". ) li. 

where.dF~~UL/dV is given by Eq. (B.6). This· equation represents the 

differential o~ material balance for the emulsion phase in the fast-bubble 

region of the bed. 

Emulsion phase CO balance 

Considering a control volume 6V = A 6z in the fast-bubble region 
)C'R 

of the bed, the following carbon monoxide balance for the emulsion phase 

can be written as 

where 

FEMUL(V) + GCOMB + GDEVOL + Meo 
co co co (B .11) 

F~~UJ'(V), F~~UL(V + 6V) "" C02 molar fluw rate in and out of the 

Pm111i:;inn phase in 6V, ~-molls. 

M00 = molar flow rate of CO to emulsion phase from 

bubble phase, g-mol/s, 

GCOMB 1 . h co . . AV CO = emu sion p ase generation rate in u 

due to reactions 1 and 3 (see Table 5.4), 

g-mol/s, 

GDEV 1 · h CO . d CO = emu sion p ase generation rate ue to 

devolatilization in 6V, g-mol/s, 

.. 

__ , 
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emulsion phase CO consumption rate due to 

reaction 2 (see Table 5.4), g-mol/s. 

The term Meo in the 

(,BUB 
Meo = KBE \Ceo 

above equation is expressed as 

(B.12) 

where ~E and £Bare defined by Eqs. (5.20) and (A.4), respectively, and 

C~~B and C~~L are the molar concentrations of the CO in the bubble and 
. co 

emulsion phases respectively. The term GCOMB is designed as 

where ~EMUL and £B are 
T the expressions for R1 

(B.13) 

defined by Eqs. (B.4) and (A.6), respectively, and 

and RJ are given in Table 5.4. The surrimation terms 

in Eq. (B.13) represent the total amount of carbon monoxide produced by 

the carbon particles existing'in control volume ~V. The term GDEV in co 
Eq. (B.11) can be expressed as 

(B.14) 

where q,CO is defined by Eq. (5. 25), tB is defined by Eq. (A. 4), and 

the DCOMB . E (A. 11) . . d f . d . . term CO . in q. . is e ine as 

DCOMB 
co (B.15) 

where R~ is clefined in Table 5.4, Emf is voidage at minimum fluidization, 

and £Bis defined by Eq. (A.6). 

If Eqs. (B.12), (B.13), (B.14), and (B.15) are substituted into 

Eq. (B.11) and the limit taken as ~V approaches zero, the following 

equation results: 



dFEMUL 
co 
av [

All R (/ 
l Rj 
i 

where FEMUL is defined as co 

EMUL • 
Ceo . VEMUL 

Therefore, by Eq. (B.8) and dV 

dFEMUL 
co 
dV 

dFEMUL 
co 

A dz 
XS 

Nuw E4 •. (B.17) ean be solved as 

dC.EMUL 
co = - ___ l 
dz 1 - c 

B 

144 

A dz, 
XS 

(B .16) 

(B.17) 

<a.18) 

EMUL . 
where ~F CO /dV is given by Eq. (B.16). Thii;: eq1Jation re.presents the r.o 

material balance for the emulsion phase in the fast-bubble region of the 

bed. 

Emulsion phase C02 balance 

Considering a control volume (6V = A 6z) in fast-bubble region of 
XS · 

bed, the carbon dioxide balance for the emulsion phase can be written as 

-.· 

. .; 



,. 

where 

MC02 

GCOMB 
C02 

DCOMB = 
C02 

145 

(B .19) 

C02 molar flow rate in and out of emulsion 

phase in 6V, g-mol/s, 

C02 molar flow rate to the emulsion phase 

from the bubble phase, g-mol/s, 

emulsion phase C02 generation rate in 6V 

due to reaction 2 (see Table 5.4), g-mol/s, 

emulsion phase C02 consumption rate in 6V 

due to reaction 3 (see Table 5.4), g-mol/s. 

The term MC
02 

in the above equation is expressed as 

(B.20) 

where ~E and e:B are defined by Eqs. (5. 20) and (A. 4), respe,ctively, and 
BUB EMUL . 

Ceo and Ceo are the C02 molar concentrations in the bubble and emulsion 
2 · 2 COMB 

phases respectively. The term Geo is defined as 
. 2 

where R~ is defined in Table 5.4 and e:B is given by Eq. 
DCOMB in Eq. (B. 19) is given as 

C02 

DCOMB All R ( T -EMU~i(l - £B)6V l R3 C02 i 

(B. 21) 

(A. 4). The term 

(B.22) 

where R1 is given in Table 5.4, ~EMUL is defined by Eg. (B.4), and e:B is 

given by Eq. (A.4). The sunnnation in the above equation represents the 

total amount of carbon dioxide consumed by the carbon particles existing 

in control volume 6V. lf Eqs. (B.20), (B.21)~ and (B.22) are substituted 
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into Eq. (B.19) and the limit taken as 6V approaches zero, the following 

expression results: 

EMUL 
where FC02 io defined as . 

= CEMUL V 
C02 EMUL 

Therefore, by Eq. (B.8) and dV =A dz, 
. XS 

dFEMUL 
C02 
dV 

co~ dCEMULJ 
~--··. 

Now the above equation can be rearranged to 

EMUL d(l 
r. 

CU2 

(B.23) 

(B.24) 

(B.25) 

h dFEMUt./dV · . b E (B 23) Th. . h w ere C0
2 

is given y q. . . is expression represents t e 

differential C02 material balance for the emulsion in the fast-bubble 

region of the bed. 

.. 
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Bubble phase 02 balance 

Considering a control volume (~V = A ~z) in the fast-bubble region 
XS 

of the bed, the oxygen balance for the bubble phase can be written as 

where 

(B.26) 

02 molar flow rate in and out of bubble phase 

in ~V, g-mol/s, 

M
02

- = 02 molar flow rate from the bubble phase to 

the emulsion phase, g-mol/s, 

02 molar consumption rate due to reaction 2 

(see Table 5.4), g-mol/s. 

The term M
0 

in the above is defined by Eq. (B.2). Recalling the absence 
- 2 

of char in the bubble phase, DCOMB can be written as 
02 

(B.27) 

If Eqs. (B.2) and (B.27) are substituted into Eq. (B.26) and the 

limit taken as ~V approaches zero, the following expression results: 

dFBUB 
02 
av (B.28) 

BUB The term F
02 

represents the molar flow rate of oxygen in the bubble phase. 

By definition, 

(B.29) 

. 
where VBUB is the volumetric flow rate of the gas through the bubble phase 

and can be e~pressed as 
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A 
XS 

(B.30) 

In this expression V'' is the volumetric flux through the bubble phase. 
B 

The expression for VB' is given by Eq. (3.9) in the bubble-growth section. 

Since dV = A dz, 
XS 

dFBUB dFBUB ·~ d v~-- CBUB dCBUB 
-- _Q7_ = . O·t. O·~ = v···· 02 = dV A dz 2\i't:_ dz B dz 

XS :'Iii, 

BUB Now Eq. (B.31) is solved for dC0 /dz to yield 
2 

02 . 1 02 
dCBUB ~FBUB 

dz = V'' dV 
B 

c.;RTIB 
dv""' 

+ ~ 

02 dz 
(B. :.n) 

(B.32) 

where dF:R
0

TJB /dV is given by Eq. (B. 28). This equation represents the 
2 

differential o2 material balance for the bubble phase in the fast-bubble 

region of ~hP. bP.rl. 

Bubble phase CO balance 

Considering a control volume (6V = A 6z) in the fast-bubble region 
XS 

of the bed, the carbon monoxide balance for the phase can be written as 

FBUB(V) 
co FBUB(V + 6V) + DCOMB + Meo co co (B.33) 

F~~B(V), F~~(V + 6V) = CO molar flow rate in and out of bubble phase 

in 6V, g-mol/s, 

Meo = CO molar flow rate from the bubble phase to 

the emulsion phase, g-mol/s, 

DCOMB 
co CO molar consumption rate due to reaction 2 

(see Table 5.4), g-mol/s. 
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The term Meo in the above is.defined by Eq. (B.12); n~gMB can be expressed 

as 

COMB 
nco 

where Riis given in Table 5.4 and EB is defined by Eq. (A.6). 

(B.34) 

If Eqs. (B.12) and (B.34) are substituted into Eq. (B.33) and the 

limit taken as 6V approaches zero, the following expression results: 

dFBUB 
co 
dV 

Next via Eq. (B.30) and definition of the control volume (dV 

following is obtained: 

dFBUB 
co 
dV 

C.l:WB 
co 

dCBUB dV'' 
• · CO + CBUB B V'' ---B dz CO --;rz-

f . BUB/ Now this expression is solved or dCCO dz 

dcBUB (dFBU.B dV• ,~· CO 1 CO BUB B 
d = -- dV - Ceo ~dz 

z v" 
B 

to yield 

(B.35) 

A dz) the 
XS 

(B.36) 

·(B.37) 

where dF~~B/dV is given by Eq. (B~35). This equation represents the 

differential CO material balance for the bubble phase in the fast-bubble 

region of the bed. 

Bubble phase C02 balance 

Considering a control volume 6V = A 6z in the fast-bubble region of 
, XS 

the bed, the carbon dioxide balance can be written as 



where 
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FBUB(V + AV) + M 
CO ° C02 

(B.38) 

FBUB(V) FBUB(V + b.V) = C02 molar flow rate in and out of the bubble 
C02 ' C02 

phase in ~V, g-mol/s, 

MC
02 

C02 molar flow rate from the bubble phase 

to the emulsion phase, g-mol/s, 

GCOMB = COi molar generation rate due to reaction 2 
C02 . 

(see Table 5.4), g-molis. 

In this ~xpression, the term MC
02 

is given by Eq. (B.20); G~g~ can be 

.expressed as 

(B.39) 

where R~ is given by Table 5.·4 and EB is given by Eq. (A. 6). If 

Eqs. (B.20) .and (B.39) are substituted into Eq. (B.38) and the limit 

taken as 6V approaches zero, the following expression results: 

dft'RTTB 
C02 
dV. 

Next, yia Eq. (B.30) and definition of the control volume (dV 

the following expression is obtained: 

·1\s._ dz .. 

dCBCUO. B BU.B dVB"'"' 
\7:'9' 2 + c --

B dz C02 dz 

Now, solving for dCBUB/dz yields 
C02 · 

(R.40) 

A dz), 
XS 

(R. 41) 

'') 
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dCBUB . (dFBUB 
C02 1 C02 
dz = V.... dV 

B 

(B.42) 

. BUB/ ( ) where dFC
02 

dV is given by Eq. B.40 . This equation represents.the dif-

ferential C02 materiil balance for the bubble phase in the fast-bubble 

region of the bed. 
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