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1 Introduction

FLOWTRAN-TF is a two-component (air-water), two-phase thermal-hydraulics code
designed for performing accident analyses of SRS reactor fuel assemblies during the
Emergency Cooling System (ECS) phase of a Double Ended Guillotine Break (DEGB)
Loss Of Coolant Accident (LOCA). This report provides a brief description of the physical
models in the version of FLOWTRAN-TF used to compute the Recommended K-Reactor
Restart ECS Power Limit,(S-mlxt_rat:; 1990a; Smith et at., 1990b), This document is
viewed as an interim report and should ultimately be superseded by a comprehensive
user/programmer manual. In general, only high level discussions of governing equations
and constitutive laws are presented. Numerical implementation of these models, code
architecture and user inforn,ation are not generally covered. A companion document
describing code benchmarldng is available,(Ftactret_.-7"I.'990-k.

2 Geometric Capability

The basic geometric capability cJfFLO_-TF is similar to that of FLOWTRAN-FI
(Aleman et al., 1989) and illustrated by, but not limited to, the example configuration
shown in Figures 2.1 and 2.2. The Middle Section is comprised of one or more axial flow
channels separated by solid conductors. Each channel is divided into one or more
azimuthal cells. Azimuthal crossflows are allowed within a channel. Figures 2.1 and 2.2
show two channels, each with four azimuthal fluid cells per axial layer, separated by three
conductors. Sixteen azimuthal and three radial solid cells per cylinder are also shown.
Above and below the middle section are strictly one-dimensional axial Top and Bottom
Sections which are not coupled to any solid heat conductors. Currently, FLOWTRAN-TF
is restricted to a cylindrical geometry. Within this framework, the Mark-22 assembly and
all existing experimental rigs of interest can be suitably modeled.

Figure 2.3 illustrates a cross-sectional (r-0) view of the computational mesh used to model
the active core region (Middle Section) of a Mark-22 assembly. The actual Mark-22
assembly consists of five metal cylinders and five flow channels. However, the innermost
and outermost flow channels m_ purge channels that take a negligible fraction of the total
assembly flow. Also the Universal Sleeve Housing (the outermost solid cylinder)
generates no power. Therefore the two assembly purge channels are neglected and
FLOWTRAN-TF calculations are performed for four solid cylinders and three flow
channels. Each flow channel contains four subchannels each of which is modeled with a
single azimuthal fluid cell. This simplified model assumes that the innermost and
outermost surfaces in the mesh are adiabatic.

An exploded view of a section of one metal cylinder in Figure 2.3 is used to indicate a
typical solid radial mesh. The cladding layer is represented by a single radial node while
the metal core contains three n_odes. Figure 2.3 also illustrates how the solid and fluid cells
are.coupled. For example, m e.ach azimuthal sector, the heat fluxes computed over surfaces
4 and 5 are multiplied by their respective surface areas and summed to calculate the total
heat deposited to the fluid in the subchannels of the middle flow channel. Eight azimuthal
solid cells are routinely used in the calculations so that two azimuthal cells fall into each
fluid subchannel. To simulate a ±20% azimuthal power tilt, the power distribution factors
listed in Table 2.1 are employe_£

A schematic representation of the axial mesh used for Mark-22 assembly calculations is
illustrated in Fig. 2.4. The model consists of an upper region having four fluid cells, a



middle region with 15 axial cells in both the fluid and solid mesh, and a lower region with
two fluid cells. The middle region contains the three annular flow paths and only the 13
central axial cells in the middle region are heated. Loss coefficients are set in the lower
region to model flow through a single pressure plate as illustrated in the figure. Figure 2.4
also indicates the boundary condition informauon required by FLOWTRAN-TF and the
sources of the input.

Figure 2.1 Representative example FLOWTRAN-TF geometric configuration - axial
view
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Figure 2.3 Schematic representation of radial and azimuthal mesh used in Mark-22
assembly calculations

Table 2.1 Azimuthal power profile used in Mark-22 assembly calculations

Azimuthal Cell Azimuthal Power Factor

1, 2 1.2
3, 4 1.0
5, 6 0.8
7, 8 1.0
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3 Solid Heat Conduction

The FLOWTRAN-TF code is capable of solving the full unsteady three-dimensional heat
conduction equation in a cylindrical geometry to detemaine the temperature distribution
within solid reactor assembly components and the assembly surface temperatures. Two-
dimensional r-0 and one-dimensional radial calculations can a!so be chosen. Typically
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axial heat conduction is not considered in order to achieve computational savings. As
shown in the exploded view of Fig. 2.3, a composite solid structure ct_,nsisting of three
different materials can be modeled. For reactor assemblies, these solid layers represent the
outer cladding, core, and inner cladding. For experimental rigs, these layers can be used to
represent the layers of a composite heater. The conduction equations are solved using the
same finite difference method used in the FLOWTRAN-FI code. Full details of the
governing equations and solution methods are provided in the FLOWTRAN-FI code
manual (Aleman et al., 1989). Briefly, the governing equation is given by

pcp"_ = V'(kVT) + s(t,r,0,z) (3.1)

where the source term s(t,r,O,z) is due to either neutronic heating in the Mark-22 assembly
or electrical heating in the various experimental rigs. Power generation calculations to
define s(t,r,0,z) are discussed in the next section. Surface heat fluxes due to a convective
boundary condition are defined as discussed in the Wal! Heat Transfer section.

4 Power Generation

The heat conduction calculations in FLOWTRAN-TF require a deposited power source for
each computational node in the finite difference formulation. The representation of the
deposited power distribution depends upon whether a reactor assembly or an electrically
heated experirnenta.!, rig is being rraxleled. In either case, no fundamental power calculation
is performed within FLOWTRAN-TF. Instead, the code takes input power data and
unfolds it into a detailed nodal power distribution. Since the identical formulation used in
FLOWTRAN-FI is also used in FLOWTRAN-TF, a complete description of the power
distribution calculations including the mathematical equations used is available in the
FLOWTRAN-FI code manual (Aleman et al., 1989).

For neutronic heating in a reactor assembly, the input data is generated by four other
computer codes. The time response of total reactor power is generated by the reactor
system code AA3 (Smith and Church, 1982), which contains a point kinetics model.
Detailed assembly power shapes are provided by the GLASS system of codes (Smetana;
1982), which uses two-dimensional intJ,-graluansport theory for unit superceU calculations.
The response of fission product decay power versus time is generated by the HMTABLE
code (Baxter and Apperson, 1982). The time-dependent axial shape is calculated using the
one-dimensional space-time kinetics code XLIB3 (Pevey, 1987). For electric heating in
an experimental rig, the input power distribution information is easily generated
analytically.

Four basic assumptions are made to derive the expression for the nodal deposited power:

1. The overall power shape is the product of three separable shapes: axial, radial,
and azimuthal.

2. Three separate radial power shapes are required, one for the neutronic
component, one for the wet tank decay heat component, and one for the dry
tank decay heat component.



3. 'Pae neutronic axial shape depends on time, so that we can model the effects of
safety rod insertion. The radial and azimuthal power shapes are assumed to be
independent of time, but the radial shape is dependent on reactor exposure.

4. The axial decay heat shape is independent of time.

The deposited power calculation can then be represented by

si(t;r,0,z) = P0Fi(t)Ri(r)@i(0)Zi(t,z) (4.1)

where the contribution to the total deposited power at time t in node i is equal to the initial
power Po multiplied by a time dependent function Fi(t), a radial power shape Ri(r), an
azimuthal power shape @i(0), an axial power shape Zi(t,z) that is also a function of time.

$ Fluid Governing Equations

Air-steam-water flow is modeled with a set of space-time averaged, two-phase, two..
component, differential transport equations. Ai,- is assumed to be noncondensable. The
gas phase is assumed to be completely mixed so that the air and water vapor components
have the same velocity and temperature. As a result of these assumptions, 3 mass, 2 vector
momentum, and 2 energy equations are required. In addition, both phases are assumed to
have the same pressure. The viscous dissipation term is neglected in the energy equations.
Distribution effects are neglected except in interfacial drag modeling. Interfacial momentum
exchange due to phase change is also neglected. The resulting transport equation set is (see
Lahey and Drew (1988) for example):

Gas fair+steam) mass_

_aP s
-'hT- + V.[ocpgVg] - F I + F w (5.1)

Air mass

_ctpgXa
+ V'[czpgvgXa]= 0 (5,2)

l.Lqmd_massbalanc_

b(1-a)pf
+ V'[(1-o_)pfv r] =-- r I - F w (5.3)

_m bal_rlg._

bvg
ccp_--_4-apgvg'Vvg= - c_VP+ apgg - Fwg - FI (5.4)

Liquiqlmomentum bala.n¢¢:



k p

_vf

(1-cx)pf_ + (1-cx)pfvf'Vvf = - (1-cz)VP + (1-cx)pfg- Fwf+ FI (5.5)

Gasenergybalance:

b_xpgh_
+ V'[otpghgvg] = ot_ +Qwg + El+ Ew (5.6)_t

Lio_uidener_

_(1-ot)pfhf
--_ _ - + V.[(1-ot)pfhfvf] = (1-ct)-_ + Qwf- EI- Ew (5.7)

The space-time averaging operators have been omitted for brevity in equations (5.1-7). In
equations (5.1-7), and throughout the document unless otherwise defined, the following
nomenclatm'e is used:

g - gas

f - liquid

a-air

s m steam

S_vmbols_

cx = void fraction

P = pressure

T --- temperature

p --- mass density

Xa - mass fraction of air in the gas phase

h = enthalpy

v - phasic velocity vector = (u, w)'r

u - axial velocity, V.nz

w m azimuth',d velocity, v.no

g = gravitational vector

r+H i+ ,, l,iIl, lr,, , , , , rlqllll, i+ +, ' 'IIi '"_ '+ '



The fluid constitutive terms contained in the above transport equations are discussed in
more detail in subsequent sections and are denoted as

FI = rate of gas phase mass creation at two-phase interfaces in the bulk flow
per unit volume

Fw - rate of gas phase mass creation through boiling or condensation at wails
per unit voltmae

FI -= interfacial drag force on the gas phase per unit volume due to relative
motion between the phases (vector)

F_ --- axial interthcial drag component, FI.nz

F_ - azimuthal interfacial drag component, Frnx

Fwk m 'net' wall drag force (actual + 'induced' interfacial drag due to wall
friction) on the k phase per unit volume (vector)

FwZk----axial wall drag component, Fwl,.nz

FwXk_ azimuthal wall drag component, Fwk.nx

El -= energy transfer rate to the gas phase through heat and mass transfer at
two-phase interfaces in the bulk flow per unit volume

Ew - energy transfer rate to the gas phase through boiling or condensation at
walls per unit volume

Qwk - wall heat rate into the k phase per unit volume.

The primary variables in FLOWTRAN-TF are taken as total pressure P, gas void fraction
-_ o_,gas temperatttre T_, liquid temperature Tf, air mass fraction Xe, gas phasic velocity vg,

and liquid phasic vel6city vr. State variables other than P, _ Ts, Tr, and Xa are computed
as functions of the 5 primary state variables. External to the equauon of state subroutine in
the code, the gas properties are viewed as functions of P, Tg, and Xa. The liquid
properties are functions of P and Tr. Due to the relatively low pressures and temperatures
encountered in SRS reactors, simple mixture rules are sufficient. Internal to the equation of
state subroutine, the gas density is computed assuming Dalton's law and ideal gas behavior
and the gas enthalpy is computed assuming an ideal solution. The resulting internal
equations of state, in functional form, are

pf = pf(,P,Tf) (5.8)

hf = hf(P, Tr) (5.9)

Pa = P,(Pa,Tg) (5.10)
_

h a = ha(P, Tg) (15.11)

- 9



Ps = Ps(Ps,Tg ) (5.12)

h s = hs(P, T8) (5.13)

and the gas mixture equations are

P = Pa + Ps (5.14)

Pm= XaPg (5.15)

Pe = P, + Ps (5.16)

1:8= Xah, + (1 - Xa)hs (5.17)

where

Pa E partial pressure of air

P_ E partial pressure of smam

Pa = mass of air per unit total gas volume

Ps E mass of steam per unit total gas volume.

Using the ideal gas law and equations (5.14-17) the air and steam partial pressures are
computed from

XaMs

P, = P,(P, Xa) = PXaM-----'+(I_xt)M a (5.1.8)

and

Ps = P- Pa (5.19)

respectively, where

Ma - molecular weight of air

Ms - molecular weight of steam

Simple equation of state relations, denoted functionally by equations (5.8-13), were
developed taking advantage on the relatively low pressures and temperatures encountered in
SRS applications. The liquid thermodynamic property models are valid for pressures up to
1MPa and temperatures from 275K to 450K. For gas thermodynamic properties,
temperatures up to 700K can be handled. Within these ranges of temperature and pressure,
the ideal gas assumption is generally quite good. The largest density error occurs for
saturated steam at 1MPa where the code underpredicts by 7%.

I0



6 Wall Heat Transfer

FLOWTRAN-TF contains a complete boiling curve for air-water, two-phase flow. Except
for the non-boiling portion of the curve, the wall heat transfer models are largely based on
untested adaptations of single-component correlations from the literature; it is an open
question whether the models predict correct behavior for two-component (air-water) flows.
An extensive literature survey was not made nor have novel models been incorporated into
the heat transfer schen'_. Rather, we have looked to existing codes to provide guidance in
the development of a heat transfer module that uses tested correlations (for single-
component flows) capable of modeling a complete boiling curve. In particular, model
components have been abstracted from the existing FLOWTRAN-FI (Aleman ct al., 1989)
code and from the RELAP (Ransom ct al., 1985), COBRAfFRAC (Thurgood ct al., 1983),
TRAC (Liles ct al., 1988), and THERMIT (Kelly, 1980) codes. We have selected heat
transfer correlations appropriate for the low pressure conditions that prevail in SRS
reactors.

One of the nonboiling heat transfer models is based on SRS data taken for air-water two-
phase downflows in a ribbed annulus. Fortunately, boiling at metal surfaces does not
occur using the current ECS power limit criterion of Tw_l = T,at (Smith ct al., 1990a;
Smith ct al., 1990b). For this criterion the maximum surface temperature in the heated
assembly core is restricted to remain below the local fluid saturation temperature.
Therefore, a non-boiling heat transfer correlation appropriate for two-phase air-water
downflows is sufficient to calculate the wall heat flux throughout the LOCA-ECS trar.,sient
for ECS power limit computations. However, an assessment of the safety margin betwecn
the physical damage limit and the conservative Tw_l = Ts,l limit requires calculations il_
theboilingheattransferregime.FortheseFLOWTRAN-TF calculations,theentireboiling
curvelogicmay beexercised.

We firstdiscusstheover'tilwallheattransfercomputationalstrategyandthendescribethe
individualheattransfercorrelationsselectedandindicatetheirsource.

6.1 Overall Heat Transfer Strategy

The basicFLOWTRAN-TF heattransfercomputationalstrategyisillustratedinFig.6.I.
SubroutineQWALL, whichiscalledatthestartofeachtimestepfromsubroutineTRANS,
performsMloftheheattransfercalculationsrcquJ.redtoadvancethecomputationanother
timestep.Thatis,QWALL providesexplicitapproximationstothecalculatedquantities.
QWALL calculatestheheatfluxtotheliquidphase(qf),heatfluxtothegasphase(qg),the
derivativesof heatfluxeswithrespecttowaliicmperature(Tw),and thewallvapor
generationrate(l"w)atallcomputationalcellsolidsurfaces.SubroutineSOLID thenuses
thetotalheatfluxateachsurfacetocalculatenew tlmcvaluesforthesolidtemperature(Ts)
andwalltemperature.Withnew walltemperatures,thederivativewithrespecttowall
temperatureisusedtoobtainanimprovedestimateforthesurfaceheatfluxes,The new
estimatesforthesurfaceheatfluxes_ thenusedtoformulatethefluidenergyequations.
FinaUy,subroutineNEWTON solvesforfluidtemperaturesatthenew time.

The heattransfercorrelationsarccodedina setofsevensubroutinesthatarecalledby
QWALL. ThcscsubroutinesCHCONV, SRLHTC, CDENS, MIKIC, CHEN, CHi=,and
FILMB) arcusedtosolveforheattransfercoefficientsandthesurfaceheatfluxesinthe
variousheattransferregimesconsidered.Ingeneral,thepackagemodelsa boilingcurve
withfourheattransferregimes:

11
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I. Single phase heat transfer to liquid when the surface temperature is below the
local fluid saturation temperature (TsAT).

2. Subcooled and saturated nucleate boiling heat transfer when the surface
temperature is between saturation and the critical heat flux temperature (Tcm_).

3. Transition heat transfer for wall temperatures between the critical heat flux
temperature and the minimum stable film boiling temperature (TMsFB).

4. Film heat transfer when surface temperatures are greater than TMS_.

The basic structure of subroutine QWALL is illustrated in Fig. 6,2 which shows the logic
used to select a particular heat transfer regime and the subroutines used to perform heat
transfer calculations within each regime. An input parameter (IBOII.,) is specified by the
user to select the particular heat transfer options for the c'alculation. Each of the subroutines
and their associated heat transfer correlations is discussed below. For reference, a
schematic representation of the general boiling curve is presented in Fig. 6.3.

Subroutine QWALL also contains logic to adjust heat transfer to the moderator space as the
tank drains. That is, if the tank level covers the outer surface of the assembly for a given
axial cell, heat transfer at that surface is calculated using an input heat transfer coefficient
(HMOD) and input moderator temperature (TMOD). As the tank drains and outer surfaces
become uncovered, the heat transfer coefficient is adjusted so that for barc surfaces an
adiabatic condition applies. For l_artial coverage, the external heat transfer coefficient is
interpolated between the input valu,, and zero to approximately account for surface dryout.

12
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6.2 Heat Transfer Correlations

The individual models comprising the oveIall boiling curve are discussed below. The
models are for wa!l heat (qf, qa) and mass (Fw) flux quantities. The wall heat (Qwf, Qwg)
and phase change (Fw) rates peF unit volume are obtained by multiplying the flux quantities
by the appropriate cell surface area and dividing by fluid cell volume.

Single.Phase Fluids (HCONV): Heat transfer to a single-phase vapor is assumed to
occur when the cell void fraction is greater than 0.9999 and the wall temperature is above
saturation. The single-phase heat transfer correlations in subroutine HCONV are also used

fox"the liquid phase when the input parameter IBOIL is set equal to 0. That is, when the
IBOIL parameter is specified as 0, the code does not test for CHI::and will use the single-
phase heat transfer correlation in subroutine HCONV to calculate the surface heat flux for
any wall temperature.

15



For heat transfer to either single-phase gas or liquid in turbulent flow, subroutine HCONV
uses the Sieder-Tate (1936)correlation which includes a viscosity correction to account for
heated wall effects. The correlation is

hFc = 0.023 Re°'8 Pr 1_ _ (6.1)

where

hFC _ forced convection heat transfer coefficient, W/m 2 °C

k _ fluid thermal conductivity, W/m °C

I_ - hydraulic diameter of flow channel, m

Re E superficial Reynolds number = G Dl.i/g

G u fluid (liquid or gas) mass flux, kg,/m2 s

Pr ,-.--Prandtl number = % I.t/k

cr, --- fluid specific heat, J/kg °C

tx m fluid viscosity at bulk temperature, kg/m s

l.tw m fluid viscosity at wall temperature, kg/m s

For single-phase laminar flow, the heat transfer coefficient is evaluated using (Rohsenow
and Choi, 1961)

In practice, the subroutine evaluates both equation (6.1) and equation (6.2) and takes the
maximum value for the single-phase heat transfer coefficient. This procedure yields a
continuous transition between the flow regimes.

Having obtained the heat transfer coefficient, the heat flux to either liquid or gas is then
calculated from

q ---h (Tw - T) (6.3)

where

h --- max(ht,, hFc)

Tw - wall temperature, °C

T -= fluid (gas or liquid) temperature, °C

16



In the single-phase liquid regime, the surface is assumed to be fully wetted and no vapor
generation at the wall takes place.

Single-Phase Liquid or Two-Phase Fluid (SRLHTC): Correlations suitable for
air-water downflow in ribbed annuli were developed using experimental data obtained from
Rig B at SRS (Guerrero, 1990). Rig B consisted of a single annular channel (divided into
four subchannels by non-conducting ribs) that was heated over the outer radial surface°
The rig was constructed of stainless steel and had uniform axial and azimuthal power
profiles. Experiments were conducted over a wide range of water flowrates and pressure
boundary conditions. The data clearly divided into two groups according to void fraction;
this was attributed to a change in flow regime. The void fraction in Rig B for a particular
set of operating conditions was estimated from FLOWTRAN-TF calculations. At
calculated void fractions less than 0.75 a dispersed (bubbly, slug or churn-turbulent) flow
regime was inferred while at higher void fractions the flow regime was assumed to be
annular (separated). When the IBOIL parameter is set to -1, the following correlations

" derived from a statistical analysis of the Rig B data are used.

In the dispersed flow regime, ot < 0.75, FLOWTRAN-TF uses the following slightly
modified form of the Dittus-Boelter (1930) correlation for turbulent liquid heat transfer

hFc = 0.0217 (_) Re°'a Pr°'4 (6.4a)

with

Re = Gf Dtl/i.tf(1 - ct) (6.4b)

As indicated above, phasic Liquid velocity is used in calculating the Reynolds number and
bulk liquid properties are used to evaluate physical properties. Correlation (6,4a) and the
experimental data are shown in ;Fig.6.4. The figure legend gives the range of data that the
correlation is based on where the indicated pressure is the difference between inlet and
outlet pressures. Figure 6.4 also shows 95% confidence bounds on the correlation, the
correlation coefficient for the fit (r2 = 0.47), and the standard estimate of the error (se =
18.88). The standard estimate of the error is defined by

_g

n

NuC_l¢)2

NN/s_= (6.5)

Figure 6.5 shows the dispersed regime data with experimental error bars added along with
correlation (6.4a). The error bars on the data were calculated assuming a 1.2% error in the
power measurement and a 2°C error in thermocouple readings. Incidentally, we note that
the SRS data indicated that the viscosity correction used in the Sieder-Tate model did not
improve the correlation.

In the annular flow regime, 0t > 0.75, the data were,correlated with the equation

17
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h.c=677x.0,i_kl.o.5 <66a>
with

Re = Gf DH/l.tf (6.6b)

Equation (6.6a), which is based on an analogous expression for annular regime mass
transfer (Treybal, 1980), uses the superficial liquid velocity to evaluate the Reynolds
number since this is typically used for annular flow correlations. The correlation to the
experimental data with corresponding 95% confidence bounds is shown in Fig. 6.6. The
SRS data indicated that the viscosity correction used in the Sieder-Tate model did not
improve correlation (6.6a) either.

As in subroutine HCONV, the laminar model given by equation (6.2) is used as a lower
bound on the heat transfer coefficient. Since we assume that the surface is wetted, ali of
the heat is transferred between the surface and the liqmd phase.

We account for the presence of ribs on the rr_tal surfaces by using a rib efficiency factor to
augment the heat transfer coefficient on the sm'face where the rib is attached. The gaps
between ribs on SRS assemblies and the opposite metal surfaces are quite small
(approximately 30 mil diametrical gap). Therefore, water flow in the rib gap is restricted
and we assume that the metal surfaces within the gap ao not contribute to heat removal.
That is, we assume that rib tip and the small surface area immediately across from a rib are
adiabatic and heat transt'er from these surface areas is not included in our calculation.

Using the solution for a rectangular fin insvlated on its tip (Holman, 1976), we define the
function ¢ as

¢=r L (6.7)

where

kw --- thermal conductivity of wall, W/m 2 °C

rE _- rib length, m

rr =- rib half thickness, m

: The fin efficiency is then given by

tanh(_)
V = ----_ (6.8)

and an adjusted heat transfer coefficient is calculated from

hFc = hFc[1.O + Prib(Xl/rL- rT)] (6.9)
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where

Prib m rib perimeter factor = nri_q:_s

nrib --- number of ribs on solid cell surface

Ps - wetled perimeter of solid ceLl without ribs, m

Equation (6.9) accounts for rib efficiency and also decreases the effective heat transfer
coefficient on surfaces opposite to the rib when _ equals zero. We account for the
decreased heat transfer at the opposite surface by reducing the surface area available for
heat transfer. That is, the effective heat transfer area on a surface opposite to a rib is
determined by subtracting off the rib area from the true surface area.
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Figure 6,4 Correlation of Rig B dispersed regime heat transfer data (ct < 0.75)
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Figure 6.5 Rig B data with experimental error bars shown
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Figure 6.6 Correlation of Rig B annular regime heat transfer data (or > 0,75)
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Vapor Condensation (CDENS): When two-phase mixtures are present, vapor
condensation is accounted for by the interfacial heat and mass transfer calculations.
However, when the fluid phase is entirely vapor (ct > 0.9999) and the wall temperature is
below saturation, the vapor will condense on the wall. To calculate wall condensation heat
transfer we adopt the method used by RELAP.

A heat transfer coefficient for condensation on a vertical plane surface with a stationary
vapor phase (negligible interfacial shear) is calculated from (Collier, 1972)

= 1 1025 kf R_-l/3 1 pf (pf- Pg)gl 1/3
heonl

. ' ;f_-'--'--j (6.10)

A correlation for condensation on a vertical tube with significant interfacial shear between
the condensate and vapor is (CoUier, 1972; Carpenter and Colburn, 1951)

kf
hcon2= 0.065 ,/Pf prf (6.11)

where the term xi in equation (6.11) is defined by

In the above equations

kf _ liquid thermal conductivity, W/m °C

Pi' =- liquid density, kg/m 3

pg = gas density, kg/m 3

_tf E liquid viscosity, kg/m s

g = gravitational acceleration, 9.8066 m/s2

Vg --- superficial gas velocity, m/s

Prr = Prandtl number for liquid phase = cpf gf/kf

Ref ffi superficial liquid Reynolds number = Gf Dl.i/_f

Re s = superficial gas Reynolds number = Gg Drt/I.ts

The maximum of _hese two estimates of the condensation heat transfer coefficient is then
used to calculate the wall heat flux in order to cover the range of vapor flow situations:

hcon= max(h¢onl,h_on2) (6.13a)
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qs= heon(Tw- Ts) (6,13b)

The vapor condensation mass flux at tile wall is calculated from

^ qs
Fw =--_ (6.14)

hfs + 0.5[Cps(Ts - T_,t)]

where
^

F w - rate of vapor condensation per unit surface area, kg/s m 2

hfg m latent heat of vaporization, J/kg

Cp_- gas specific heat, J/kg °C

Tg -= gas temperature, °C

Tsar m saturationtemper.ature, °C

The second term in the denominator of (6.14) accounts for the energy required to cool
vapor at the bulk temperature Ts to saturation temperature.

Boiling Heat Transfer . Mikie/Rohsenow Correlation (MIKIC): When the
wall temperature exceeds the local saturation temperature but is less than the critical heat
flux temperature and liquid is present, the fluid is in the boiling heat transfer regime. We
have implemented two procedures to estimate the heat transfer to the liquid under boiling
conditions in FLOWTRAN-TF. When IBOIL= 1, the code branches to subroutine MIKIC
while any other value of the IBOIL input parameter causes the code to use subroutine
CHEN. In this part of the report we describe the MIKIC boiling curve while in the
following section the CHEN boiling curve is explained.

In subroutine MIKIC, the interpolation procedure suggested by Bergles and Rohsenow
(1964) is used to construct a smooth curve for forced convection boiling. The boiling
curve is approximated by the relationship

iiiii

qf=_c + (q_ - q_i) (6.15)

where

qr:c = forced convection heat flux

qB = fully developed boiling heat flux

qBi = fully developed boiling heat flux at point of incipient boiling (ONB)

For qr:c (hvc) we use the SRS correlations shown in equation (6.4a) and equation (6.6a)
above. The Mikic and Rohsenow (1969) correlation
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q.a = 1.89x10-1 hfs Pg (Tw- T_t) 3 = I_B(Tw- Tsar)3 (6.16)
09 (pf__ _g)5 T,.t

isusedtocalculatethefullydevelopedboilingheatfluxWhere

kfE liquidthermalconductivity,W/m °C

hf_--latentheatofvaporization,J/kg

pf - liquid density, kg/m 3

pg E gas density, kg/m 3

Cpr- liquid specific heat, J/kg °C

g - gravitational acceleration, 9.8066 m/s2

g¢ = conversion constant

o E surface tension, N/m

Ali of the fluid properties used ka equation (6.16) are evaluated at the local saturation
temperature. The heat flux at the point of incipient boiling is calculated from equation
(6.16) using the temperature difference at the point of incipient boiling (Tw- Tsar)i:

qBi= hB _ToI,_)3 (6.17)

The temperature difference at ONB (onset of nucleate boiling) is estimated using the
procedure developed by Bjorge and Rohsenow (1982) modified to account for the presence
noncondensable gases. A detailed description of this procedure is given by Aleman et. al.
(1989). In summary, ATorca is'calculated from the expression

1

ATsub Nueav + 2 Nueav'--'--"-_- _'

--'-- 1- Nucav -'' hF¢ < htm

AT°rea = (6.18)
1

Nutan _ _', hFc > ht_

In equation (6.18), Nu_v is the nucleation site cavity Nusselt number defined to be

hFc rm_

- Sueav = kw (6.19)

and Nutanis the Nusselt number at the point of bubble tangency defined by the expression
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Nuum = .....kw I+ 4"_ (6.201

whereMc parameter_isgivenby

"c=max{O, 1+ 2(ATsub- "_Z} (6.21)

Equation(6.20)isusedtocalculatetheheatu'ansfercoefficientatthepointofbubble
tangcncyhm_.IndefiningtheNusseltnumbers,we haveusedtheparameters:

kw = thermalconductivityofwall,W/m °C

rmaxm m_dmurn nucleationsitecavityradius,m
(rmjxistakentobe 1_xn)

AT=ubm T==.t-Ttr

Theothertermsinequations(6.18)and(6.21)aredefinedbytherelationships

z
= _.4 T_ hFc _ a vfs ),,t (6.22)

and

7 = pg T,= (.._) (6.23)hfg Jsat

where

vfg = difference in specific volumes of saturated liquid and saturamd gas, m3/kg

Ps m partial pressure of non-condensible gas, Pa

The 7 term in the above equations accounts for the presence of non-condensible gas. The
partial pressure of the non-condensible component in the gas phase is calculated from an
application of Henry's law

P8 = xc HIPa (6.24)

where Hslt is the Hem'y's law constant at the local saturation temperature. The liquid
concentration of the dissolved gas (xc) is calculated from

xc -- Y¢k,Psat- HT ) (6.25)

where

Yc"--gasphasemolarconcentrationofnon-condensiblecomponent
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Psat E vapor pressure of pure liquid at Tf, Pa

P E total local pressure, Pa

HT m Herff'y'slaw constant at local temperature

To calculate the vapor generation rate, we assume that the nucleate boiling heat flux, given
by (qf - qFC), is available for vapor generation. The amount of vapor generated at the wall
is then calculated as

^ qf- qFC

Fw = hfg (6.26)

Boiling Heat Transfer .Chen Correlation (CHEN): In subroutine CHEN, we
use the Chert (1963) correlation for both subcooled and saturated nucleate boiling to
calculate a heat flux to the liquid phai. The Chen conelation is used by ali of the standard
codes mentioned previously in a similar fashion. This correlation assumes a superposition
of a forced-convection heat transfer correlation and a pool boiling correlation so that the

total heat transfer coefficient and corresponding heat flux are given by

hcr_.N - hFc + hNB (6.27)

and

qf = hr:c(Tw- Tr) + hl_(T w - Ts_ (6.28)

The forczd-convection heat transfer coefficient is calculated from a n_dified Dittus-Boelter
correlation

hr.c = 0.023 F (k-L_ Re°.8 pro.` (6.29)
k rh.l,/

while the nucleate boiling heat transfer coefficient is obtained using the correlation

po.o'--"'-r- ' (T,- T,.p°'24(Pw-1')°'75
(6.30a)

which can be rearranged into the equivalent form

hNB_ 0.00122 S (_.._veO. , ReO.,prO.21[pfcpf (Tw- T,at)l°'24(Pw- P'_°'75

(6.30b)

In the above equations

F - Reynolds number factor



S m suppressionfactor

kfm liquidthermalconductivity,W/m °C

hfsm latentheatofvaporization,J/ks

pf-=liquiddensity,kg./m3

pg m gasdensity,kg/m3

gfm liquidviscosity,kg./ms

Cpf ._ liquid specific heat, J/kg °C

gc E gravitational conversion constant

a m surface tension, N/m

Pw = saturation pressure corresponding to Tw,Pa

P x system pressure, Pa

We m Weber number, (Vr2 pf DH)/a

Vf m superficial liquid velocity, m/s

All liquid p_es are evaluated at the saturation temperature. Equation (6.29) is identical
to the usual Dittus-Bocltcr (1930) correlation except that a Reynolds number factor F is
included to account for two-phase flow effects. The parameters F and S are in turn
obtained Using the relationships shown below due to Collier (1981).

We first calculate an inverse Martinelli factor X_'tI (Collier, 1972; Lockhart and Martinelli,
1949) as

,0.9,, pf ,.0.5,,t.i. ,,0.1

where

x E fluidquality

s ='gasviscosity,kg/m s

The Reynoldsnumber factorusedinequation(6.29)isthengivenby therelationship
(Collier,1981)

1.0 , X_t1 < 0.1

F= (6.32)

2.34(Xtt I + 0.213) 0.736 , Xtt 1 > 0.1
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We next calculate an effective two-phase Reynolds number as

Re-n, = 1.0x10_ Re F 1'25 (6.33)

where Re is the superficial liquid phase Reynolds number evaluated using saturation
properties. The two-phase Reynolds number is used to calculate the suppression factor S
from

f 1.0/[1.0 + 0.12(ReTI,)t'14] , ReTp < 32.5

S= 1.0/[1.0 + 0.42(ReTp)°'78] , 32.5 :_ Re,rp < 50..9 (6.34)

0.1 , Re.rp _ 50.9

Following COBRA/TRAC (Thurgood, 1983), we have used an upper limit of 50.9 for
Rerp rather than the original value of 70.0 used in most other codes. As noted in the
COBRA/TRAC manual, the modified Reynolds number limit is used to make the
correlation continuous.

The Chert correlation was developed to describe saturated boiling but may also be
employed for subcooled nucleate boiling with minor modification (Thurgood, 1983). In
the subcooled regime, the suppression factor is computed from equation (6.34) using the
single-phase liquid Reynolds number to evaluate R_rr, from equation (6.33) with the
Reynolds number factor F set equal to unity. Fluid properties in these corTe,lations and in
equation (6.29) are evaluated at the subcooled liquid temperature. Equations (6.29) and
(6.30) are then used as before.

To calculate the vapor generation rate, we assume that the nucleate boiling heat flux, given
by the term

qNB= hNB(Tw"T,,t) (6.35)

is available for vapor generation. Rouhani and Axelsson (1970) suggest that a fraction of
this energy is used to heat liquid entering the saturated thermal boundary layer. The
remaining fraction available for vapor generation is given by

hfg

el" = hf'_+-(pf/pg)(hf- hl) (6.36)

where hf is the saturated liquid enthalpy and hI is the liquid enthalpy at bulk fluid
conditions. The amount of vapor generated at the wall is then calculated as

^ el- hsB (Tw-- Tsat)
F w = (6.37)

hfg

Film Boiling (FILMB): When the wall temperature exceeds the minimum stable film
boiling temperature, the fluid enters the film boiling regime. In this regime, we follow the
TRAC heat transfer formulation and calculate separate heat fluxes to the liquid and to the
gas phases. When film boiling takes piace with relatively low void fractions, we assume
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that the liquid is in an invext_ annular flow regime and that heat transfer to the liquid phase
, occurs by convection through a thin vapor film and by radiation. For convective heat

transfer to the liquid in inverted annular flow, we use the Bromley-Pomeranz (Pomeranz,
1964) correlation given by

3 0.25(DH) 0'172 k' PS (Pf---Pg)_f''lhBr= 0.620 _ DH}ag(Tw - Ts,t) J (6.38)

where

i ii ii iii

and a modified heat of vaporization is defined as

hfs = hfs + 0.4 cps (Tw- Tf) (6.40)

At higher void fractions, the Liquidwill be dispersed as droplets. The model assumes that
some liquid will still contact the surface through drop impingement resulting in heat transfer
directly to the liquid phase. In this flow regime, subroutine FR.MB uses the Forslund-
Rohsenow (1968) correlation for liquid heat transfer. This correlation is

- _ _, <r,,- T.",) J <e.41>k

In equation (6.41) DDis the droplet diaxr_ter which is estimated from

4a
12_.= - (6.42)

- uf)2

with the limits that 1.0xl0 -4 < 13_ < 3.0x10 -3 m. To interpolate between the inverted
annular flow regime and the dispersed liquid droplet flow regime, we use the parameter
defined by (Liles et al., 1988)

f 0 a < ¢XlA

Ct - C_IA= _ aIA :_ Ct _ 0_DI$ (6.4 3)
ClDIs -- 0riA

-: 1 Ot> ft,DIS

where

aiA -= Void fraction limit for inverted annular flow = 0.5

: O_DISm Void fraction for fully dispersed flow = 0.75
=
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For void fractions less than 0.5 we assume that the flow is entirely inverted annular and for
void fractions greater than 0.75 we assume that the liquid flow is entirely in the form of
dispersed droplets.

For heat transfer to the gas phase, we use the Dougall-Rohsenow (1963) correlation which
is simply an application of the Dittus-Boelter correlation using gas properties and a mixture
velocity in the Reynolds number. The correlation is

hDR= 0.023 Re_ 8 Pr0'4 (6.44)

DH UmixPI_Re,rv= (6.45)
Its

with

- lugl+(1- lull (6.46)

where ¢x is the void fraction and ug and uf are the phasic gas and liquid velocities,
respectively. In this high temperature-boiling regime, we also include, contributions to the
gas and liquid phase heat fluxes from radiation heat transfer. Assuming a surface view
factor of unity and a surface emissivity of unity, the radiative heat fluxes to each phase are
given by

_,,a = e ('I'4w- T_tt) (6.47)

and

rid (Taw 'I_8) (6.48)qs = e -

where e is Boltzman's constant.

The contributions to the heat fluxes to the gas and liquid are then summed and weighted by
their respective volun_ fractions to obtain total film boiling heat fluxes as

qf= (1 - or)[(1 - _)hBp(T w - Tsar)+ _hFR(Tw - Tsar)+ q_m] (6,49)

qs = Iz[hDR(Tw- Ts)+ qr_] (6.50)

Transition Boiling (FILMB): Transition boiling takes place when the surface
temperature is greater than the critical heat flux temperature but belew the minimum stable
film temperature. In this boiling regime, the FLOWq_AN-TF formulation is similar to the
TRAC scheme (Liles, 1988) and interpolates a surface heat flux between the critical heat
flux and the value at the minimum stable film temperature. That is, in the transition regime
we calculate a heat flux using
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qf- (1 - 8) qfMS_ + 8 qcm: (6.51)

and

MSI_
q_ = (1 - 8) qs (6.52)

The interpolation parameter 8, which represents the fraction of the surface that is wetted, is
given by the relationship

8 = 1 - _2(3 - 2_) (6.53)

where

T, -Tcw
= TMSFB _ TCHF (6.54)

The functio, al form assumed in equation (6.53) defines a smooth cubic polynomial that
interpolates between the C'HF heat fluxes (qCHFfor the liquid and zero for the gas) and the
heat fluxes at the minimum stable film temperature. The interpolating curve has a zero
slope at both end points.

Heat fluxes to the liquid and gas at the minimum stable film boiling temperature are
calculated from the film boiling correlations given in equations (6.38) through (6.50) using
the minimum stable film temperature (TMSFB)in piace of Tw. To determine TMSFB,
FLOWTRAN-TF uses the empirical relationship developed for water by Groeneveld and
Stewart (1983)

TMSFB= 284.7 + (4.41x10 -5 -- 3.72x10-1ZP)P- 1.0xl04 x (6.55)
(2.82 + 1.22x10 -6 P)

where

TMs_ - minimum stable film boiling temperatures, °C

P _ pressure, Pa

x E quality

This expression is applicable at th_ lower pressures of interest with SRS assemblies. In
practice, the corrections to the leading term in equation (6.55) are small and to a good
approximation, we are using TMSFB= 285 °C.

Critical Heat Flux and Critical Heat Flux Temperature (CHF): If the wall
temperature is greater than the saturation temperature, subroutine CHF is called to calc :'ate
the critical heat flux temperature and heat flux. Ali of the standard codes listed above use
some form of the Biasi correlation to determine the critical heat flux. The Biasi correlation
was develop¢ ::_:_qrcommercial nuclear reactor applications. The correlation includes both
upflow and ao,,_::,qow conditions but the database is restricted to uniformly heated test
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sections and high pressures. THERMIT supplements this correlation with two others to
increase the range of applicability. FLOWTRAN.FI also contains correlations derived
from$RS datathatmay be mor_dire.cflyapplicabletoaluminumcladdedsurfacesnear
atmosphericpressure.We haveprovidedtheuseroptionofselectingtheBiasicorrelation
or theSRS correlation.Neithercol;relationisverifiedfortwo-componentair-water
systems.

The Biasi correlation uses three separate; calculations of the critical heat flux and selects the
f'mal value depending on the mass flux.. For high mass fluxes (G > 300 kg/m2-s), a low
quality heat flux is calculated from

1.883x10v 1/6 G-1/6qmt- ........ G- [F(P) - Xc] (6.56)

and a high quality heat flux is calc_ated from

3'78x107 G"°'6 H(P)[1.0 Xc]qcrit = _ - (6.57)

The maximum valueofthetwodeterminationsofqaitisthenusedforqcHF.Inapplying
equation(6.56),thepressurefunctionF(P)isgivenby

F(P) = 0.7249 + 0.099 P c'0"°32 p (6.58)

Similarly, in applying equation (6.57), the corresponding pressure function H(P) is given
by

H(P)=-1.159 + 0.149 P c-0'019 p + 8:99 p
(10 + P2i' (6.59)

In both equations (6.56) and (6.57), Xe is the equilibrium quality and the exponent on the
hydraulic diameter (n) is chosen according to

0.4 , DH > 0.01 m
n = (6.60)

0.6 ,12)8 < 0.01 m

In evaluating equations (6.56) through (6.59), the mass flux G is in units of g/emC-s, the
pressure P is in bars, and the hydraulic diameter is in centimeters. We note that at
pressures near one atmosphere (one bar), the function H(P) becomes negative. Therefore,
when the Biasi CHF correlation is selected for SRS assemblies, equation (6.56) is actually
being used to calculate the critical heat flux.

As a user option, when the mass flux through the flow channel is greater than 300 kg/m2-s,
the critical heat flux can alternatively be calculated using the colrelation developed at SRL
(Hodges and Knoebel, 1973). This correlation is based on data taken with light water in a
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narrow rectangular channel having sn aluminum surface. The correlation is presented in
two parts:

qCHF= 5.264xi05(I.0 + 0.476V)[I.0 + 0.031(T,t t - Tf)] (6.61)

and

qcl-w =2.021xi06(I.0 + 0.169V) (6.62)

where

qCHF= critical heat flux, WAn2 °C

T,,, ,= saturation temperature, °C

Tf m fluid temperature, °C

V m superficial liquid velocity, m/s

Equation (6.61) was found to better represent the data for liquid subcooling above 20 °C
while equation (6.62) applies at lower subcooling. As coded in FLOWTRAN-TF, we
evaluate both expressions and take the maximum value as an estimate of the critical heat
flux. This procedure transitions from the fh'st equation to the second as the liquid
subcooling decreases.

At liquid mass fluxes less than 200 kg/m2-s, Griffith's modification (Bjornard and Griffith,
1977) of the Zuber pool boiling correlation (Zuber et al., 1961) is used to calculate thecritical heat flux:

0.9 _. 0.5
qpool = 24 (1.0 - or)hfg pg Jgc g o (pf- pg)]0,25 (6.63)

We note that this correlation ('alsoemployed by COBRA/I'RAC) predicts a critical heat flux
,proportional to (I.0- a). Therefore,the critical heat flux decreases as the void fractionIncreases.

At mass fluxes between 200 and 300 kg/m2-s, a linear interpolation between the Biasi or
SRL correlation and pool boiling correlation is used to estimate the critical heat flux.

Finally, knowing qcm:, we need to determine the wall temperature when the critical heat
flux is reached (TcrlF)-. Tiffs is found by solving for the temperature at which the Chen or
Mikic-Rohsenow correlations yield a heat flux equal to qCrlF. The Chen boiling
correlations are based on assuming a nucleate boiling and a forced convection contribution
to the overall heat flux. Using equations (6.29) and (6.30) to calculate heat transfer
coefficients and replacing Tw with TCHF yields the expression

qCHF= hLNB(TCHF-Tf)l'24(p w - p)0.75 + hLFc(TcHF_ Tf) (6.64)

for the total heat flux. In equation (6.64), hL_ and hLFC are tile constant portions of the
heat transfer coefficients. Since Pw will depend upon TCHF,the pressure dependence is left
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explicit in equation (6.64). Equation (6.64) is solved using a Newton iteration scheme
until the critical heat flux temperature is determined within 0.1 °C. The critical heat flux
temperature is restricted to be greater than the local, saturation temperature and less than the
critical temperature for wagr (647.14 °K). A similar procedure again involving a Newton
iteration is used with the Mikic-Roshenow correlauon to determine Tc_. This completes
determination of ali points along the boiling curve.

=

7 Wall Drag

The mixture or total wall drag in each coordhlate direction (axial or azimuthal) is
constructed by summing phasic contributions. For example, the axial mixture drag is
defined by

F_ = l'wf* + la"zws* (7,1)

The mixture drag is re.partitioned in the Interfacial Drag section into the phasic components
F" Fz ' 'wfand w, appeanng nathe momentum balances given by equations (5.5) and (5.4). The
phasic com_onents F_f and l_wg,which actuallyinvolve both wall and interfacial drag, are
not the same as the components F"wf*and Iwg*, respectively, shown above. In the
remainder of this section, attention is restricted to defining the phasic contributions to the

Z ,
_ total wall drag, F_f* and Fws .

The phasic wall drag functional form is largely based on the COB RA/TRA C,formulation
(Thurgood et al., 1983) in which the wall drag force per unit volume on each phase is
modeled as the sum of friction and form components in terms of phasic velocity squared.
For the axial direction, the liquid and gas models arc

= +" jpflufiuf (7.2)

az'= .-- . I[,ug,% (7.3)

where
-

: z - axialcoordinate

z u m phasic velocity

0 _ wetted wall parameter
-

- L_ correction factor

: f -= frictionfactor
z

Dh _- hydraulic diameter
-_

K _ form loss coefficient
-
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Az x mon_ntum cell length in axial direction

FwS* m actual wall drag force on k phase per unit volume

Nb_tethat _e c_! sign is obtained by actually computing the velocity sctua.reterm as th
omre vaJue ot velocity tin'_s velocity The wett_ wall ..... ,_ a" ._ :___ _, .... e

f ............. 'J'_ , ' l.smmA._t_;l, _, 15 Bc:rlne(] Io DC the
racuon or me wa_ m contact wlta the liqmd phase. The heat transfer regime defines this

parameter. For pre-CHF conditions 0 = 1 and in the f'flm boiling regime 0 = 0. In the
transition region the wetted wall parameter is set equal to the parameter 8 defined by
equation (6.53). Mhaor differences in channel length between the computational mesh and
the actual geometry can be handled with the L/D correction factor, _. The friction factors
in equations (7.2-3) are defined to be the familiar Darcy-Weisbach friction factors for one-
dimensional, single-phase flow. The friction factor expressions used in FLOWTRAN-TF
are given in Table 7.1. The Reynolds numbers used to the evaluate the friction factor
co_, lafions are defined in terms of phasic velocity and use a c0rr_te.,d hydraulic dlam_t._,.
moUvate_ by the work of Jones (1976) and Jones and Leung (1981) (Blev_s, 19_'_,-For
example, the axial friction factor for the liquid phase is computed in terms of the axial,
liqu/d-phase Reynolds number

(

i_t (7.5)

h co  tion on A,
• axlaJ nyoratmc caametcr conv,cuon factor for ribbed annular flow channels is defined in

Fig. 7.1 (Blevins, 1984).

For the azimuthal direction, the frictional component is modeled analogously to the axial
frictional component. The form loss component is mtxicled differently and is customized
for treating azimuthal crossflow through rib gaps in a ribbed annular geometry. The
FLOWTRAN-TF model was motivated by the experi._ntal results of Tapucu (1977). The
azimuthal m/xt_ wall drag models are

Iwflwf .... .
DI_ JPf + Ax --_,Relvtl +b pflvtlw f (76)

F_'* 2[(a-o)q)xf_l _--_a'r'bKxf a )1
= - ------+b ps IvsIwg (7.7)p,lw,lw,+ Ax L Relvtl

where

PkDhlVu j

Re}v k I = P.R (7 8)

and the superscript x is used to denote the azimuthal direction. In equations (7.6-8)

O_tib------void fraction at the rib gap
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Ax _ momentum cell length haazimuthal direction
2 2

Ivkl E

and the other symbols are defined as before, The void fraction at the rib gap is defined in
Section 12 of this document. Note that the form loss components of equations (7,6-7)
contain a Reynolds number dependence. The values for the parameters a and b were
derived from the data of Tapucu (1977) and are chosen as

a = 1066 (7,9a)
b =0,3391 (7,9b)

Values for form loss coefficients are quite geometry and mesh dependent and are typically
obtained through 'calibration' against single-phase pressure drop data.

Table 7.1 Wall friction factor expressions in FLOWTRAN-TF

......Regime ..... Friction Factor '..... -- Reference
laminar:, Exact solution:

64
Re < 2000 fL = R'-_

- Transition: .............. Interpolation: ...........

2000 < Re < 4000 fL..T= ( 2 _ ._) (fT,4000_ fL,2000)+ fL,200o
' Turbulent: Explicit approximation t0Colebrook-White: .... Jain (1976)i ....

Re>40(O I 0( e.___ 21.25]--2 Blevins(1984)fT = 1,14-21og 1 DhKh +_.), ....

ri Kh
ro ,,, ,,,

ro 0.I 1.081
0.3 1,080
0,5 0,998
0,7 0,859
0,9 0,726

..

ri

Figure 7.1 Hydraulic diameter correction factors for a 90 ° annular sector (Blevins,
1984)
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8 Flow Regime Map and Interfacial Area

The flow regime map and interfacial area models described in this section are used only for
interfacial heat and mass transfer calculations. Earlier FLOWTRAN-TF interfacial drag
models also used the map (and interfacial area concentration) described here but now use a
different, simpler flow regime map, FLOWTRAN.TF is still under development and we
anticipate that the subsequent interfacial drag model will again rely on the flow regime map
discussed below.

8,1 Flow Regime Map ,

The FLOWTRAN-TF flow regime map is schematically illustrated in Fig. 8.1. The regime
map logic follows the general theory presented by Taitel ct al. (1980) and that used in the
TRAC and RELAP5 series of codes (see Taylcrt et al, (1984) and Dimenna ct al. (1988) for
example). The flow regimes assumed to compri._e _he map have been conf'n'med for
annular channel cross-sections by Kelessidis and Duckler (1989), The regime traz_sition
logic follows that presented by Ishii and Mishima (1980). The total void fraction is the
sum of bubble, slug and annular regime void fractions. Transition from the dispersed
bubble regime to the annular liquid film regime is defined to occur in the total void fraction
range, 0.25 < o_< 0.75, with a pure slug regime only occurring al a total void fraction of
0.52. The maximum total void fraction for the pure bubble regime is 0.25 following a
maximum bubble density criterion for spherically shaped bubbles (Taitel ct al., 1980;
Barnea et al., 1982). Similarly, the mimmum totalvoid fraction for removal of ali liquid
bridging is assumed to occur at 0.75 (Barnea et al., 1982) which defines the lower limii for
pure annular flow,

The bubble to slug transition logic assumes that the liquid surrounding Taylor bubbles (i.e.
those constrained by the physical dimensions of the flow region) contains spherical bubbles
at the maximum density. At a equal to 0.52 ali spherical bubbles arc expected to disappear
(Taitel et al., 1980; Dimenna ct al., 1988) and pure slug flow is realized. Above 52% total
void fraction, a smooth transition to annular flow is defined assuming an analogy with the
transition logic utilized between bubble and slug flow. "rite transition logic is to define a
contribution from one regime and then to subtract that from the total void fraction to obtain
the contribution from the other regime. The transition from the bubble to the slug flow
regime is defined by

** \nbs

, ** a S -0_ /ab = ab ,, **/ (8.1)
a s -a b J

a - a b
a s =--'---'-- (8.2)

I - a b

O_b --- a -- a s (8.3)

and analogously the slug to annular transition is modeled as
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lnsaaa = % _ (8.4)
ota ""ots

ot - ota
% = . (8.5)

1 -ot a

ota= a- a s (8.6)

where

otb = 0.25 (8.7)

a s = 0.52 (8.8)
,.

ota = 0.75 (8.9)

nbs = 4 (8.10)

hsa = 4 (8.11)

Here, otbrepresents the local bubble concentration def'med to be the bubble regime volume
(excluding Taylor bubbles) divided by the bubble regime volume plus liquid volume.
Analogously, ota is the local annular gas core concentration defined to be the annular
regime gas phase volume divided by the annular regime gas phase volume plus liquid phase
volume. The exponents given by equations (8.10-11) were chosen somewhat arbitrarily.
The given selection produces a relatively rapid transition between the three flow regimes.
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0
0.0 0.25 0.52 0.75 1.0

Total Void Fraction

Figure 8.1 Schematic illustration of FLOWTRAN-TF flow regime map

8.2 Interfacial Area Per Unit Volume

The total interfacial area per unit volume is def'med to be the sum of individual contributions
from each regime following RELAP (Ransom, 1985) and Ishii and Mishima (1980):

A_
_- E aI = an, + ah + ax. (8.12)

Since ,ali three regimes cannot exist simultaneously according to the flow regime map logic,
at least one term on the right hand side of equation (8.12) is always zero. The contribution
from each regime (bubble, slug, annular) is defined below in terms of 0%, as and c_t
defined by equations (8.1-1 I).

In the bubble regime, the maximum bubble diameter is nominally defined by a critical
Weber number criterion

2

(8.13)

---- 3_

_..



which is obtained by equating drag force with surface tension force for a spherical bubble.
The drag coefficient is chosen as

24
CD = "_'[1 + 0.1Re °'75] (8.14)

following Ishii and Mishima (1980). Combining equations (8.13) and (8,14) yields a
maximum bubble diameter based on the Weber number criterion as

2ct- 241 ug-uf I i.tf a/3

Dwe = 2 411,0'25-0'751 I (8.15)• f 1'7S

However, the maximum bubble diameter is assumed to be limited by the hydraulic diameter
so the maximum bubble diameter actaaallybecomes

Drn_ = min(Dw_., Dh) (8,16)

A distribution of sizes is assumed to exist with the average size determined from

D,vg = 0.5 Drn.x (8.17)

and the collective bubble interfacial area per unit volume is defined by

3.6ab

alb = D,v"-_ (8,18)

The slug regime interfacial mea per unit volume analysis is based on the average Taylor
bubble diameter being constrained by the flow geometry to be 88% of the hydraulic
diameter and takes into account interface roughness (Ishii and Mishima, 1980). The result
is

(4.5)(1.5)a s

als = -- D1a (8.19)

The annular regime analysis is based on a narrow rectangular channel approximating one
subchanr_el of a ribbed annular conduit. A liquid film on the channel walls with uniform
film thickness is assumed to surround a gas phase core. First the wetted perimeter is
computed in terms of the FLOWTRAN-TF input variables from the definition of hydraulic
diameter.

4Ac

Pw = D"-_ (8.20)

The uniform film thickness is approximated by



( |

(I- cza)Ac
8 = (8.21)

Pw

and the interfacial perimeter by

PI = Pw- 88 (8.22)

Finally, the annular interfacial area concentration is modeled as

(ai, = 1 - --_ _- (8.23)

9 Interfacial Heat and Mass Transfer

Phase change occurs at two distinct locations. At the interfaces between existing gas and
liquid phase_, interfacial heat and mass exchange occurs due to temperature and
concentration gradients in the bulk flow. At a heated wall in contact with the liquid phase,
boiling can occur due to local superheating of the liquid which flashes into steam.
Similarly, condensation can occttr due to local subcooling of the gas phase at a cooled wall.
The latter situation is termed interfacial heat and mass transfer at walls. Boiling and
condensation rates at solid walls have already been discussed in the Wall Heat Transfer
section. Following a discussion of interfacial heat and mass transfer in the bulk flow, we
complete the discussion of boiling/condensation at solid walls.

9.1 Interfacial Exchange in Bulk Flow

Figure 9.1 illustrates the heat and mass transfer phenomena involved at interfaces in the
bulk flow for an example set of conditions. Thermodynamic equilibrium is assumed to
exist at the gas-liquid interface with the interface temperature, Ti, being defined by the
vapor-liquid saturation line, the system pressure P, and the steam molar concentration at the
interface Ysi. The net mass and energy transfer into the interface from both phases is zero
since the interface cannot store mass or energy. In general, temperature and concentration
gradients exist between the interface and bulk conditions and, through associated heat and
mass transfer coefficients, determine the rates of heat and mass transfer to the interface.
The fundamental equations governing interfacial heat and mass transfer in air-water flow
when the air comI_onent is assumed to be noncondensable are (see Bird et al. (1960) for
example)

V__ilpor-liquidequili.brj'3_Ill;.

Ti = Ts,t(ysiP) (9.1)

.C_-liquid i.nterfacemass_

F_i + l"fi = 0 (9.2)

where in the gas film, steam transport is due to diffusion and bulk flow components
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FBi = MsalJ: + ysFsi (9.3)

Gas,liquid interface _ncr_ balance;

Ezi + Eli = 0 (9.4)

where the total energy is comprised of heat and mass transfer components

Egi = Qsi + Fsihsi (9.5)

Eli = Qfi + Ffihfi (9.6)

_molar diffusion rate;

la la

: Js = ks (Ysi- Y.) (9.7)

Gas heat transfer rate:

la

Qsi = hsaI(Ti- Ts) (9.8)

and

Liquid heat lransfer rat_._

la

Qfi = hfax(Ti- Tf) (9.9)

The following nomenclature is used in the above equations

P -=pressure,

Ti - interface temperature

Ts --=bulk gas temperature

Tf _ bulk liquid temperature

Ys _ bulk steam mole fraction in the gas phase

Ysi -'- interface steam mole fraction in the gas phase

hsi - enthalpy of steam at the interface conditions

hfi =--enthalpy of liquid at the interface conditions

Ms - molecular weight of steam
_

ai -= interfacial area per unit volume
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jlt s m steam molar diffusion flux

Fsi _ gas (steam) mass flowrate from the interface to bulk gas per unit volume

Ffi = liquid mass flowrate from the interface to bulk liquid per unit volume

Qgi -= heat rate from the interface to bulk gas per unit volume

I_ ffi heat rate from the interface to bulk liquid per unit volume

Egi m total energy rate from the interface to bulk gas per unit volutr_

EftE totalenergyratefromtheinterfacetobulkliquidpcrunitvolume

k_ -=steaminterfacialmasstransfercoefficient

0

hg --gasinterfacialheattransfercoefficient

. h_ -=liquidinterfacialheattransfercoefficient

Forbrevitythefollowingsymbolsaredefined:

r I ,_ rsi (9.10)

EI -=Egi (9.11)

* tt

Hs -_ hsa I (9.12)

Hf E hfai (9.13)

O lt

.Ks 5 MsksaI (9.14) "

_i = hsi - hfi (9.15)

The interfacial heat and mass transfer rate coefficients, H_, H_ and K_, are modeled in
terms of low mass transfer coefficients_ H s, I-If and K 2, multiplied with Ackermann-type
correction factors (Bird ct al., 1960; Ackemmnn, 1937) accounting for the distortion of
temperature and concentration profiles under high mass transfer conditions:

Hs )] (9.16)

Hf = H 1 + B H-'_- (9.17)
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Ks=K 1-B _ (9.18)
a

where

1]=0.625 (9.19)

The correction factors are approximate linearized versions of the exact results from the film,
penetration, and boundary layer theories of interfacial transport. The chosen value for B
represents an average of values obtained from these models as can be seen from Fig.
21.7-2 in Bird et al. (1960). In the notation of Bird et al., equations (9.16-18) are the
straight line O = (1 - Bq,). The low mass transfer rate coefficients are comprised of
contributions from the bubble, slug and annular regimes as defined by the flow regime map
logic desclibed previously:

Hg = =-b-:,sE,ahgjaIj
(9.20)

J

Hf = =_,s hfjalj (9.2I)j ,a

Ks = =-b-Ts2-_,akgjalj (9.22)J

Table 9.1 lists correlations for the flow regime specific rate coefficients used in equations
(9.20-22),

Equations (9.1-22) completely determine the interfacial heat and mass transfer rates in the
bulk flow. Their solution proceeAs along the following lines. The interfacial mass transfer
rate per unit volume is obtained from the above equations in terms of the interface
tem_rature, Tj, as

- Hg(T i - Tg)- Hf(T i - Tf)

FI= _.i (9.23)

The interface temperature is obtained from equation (9.1) after solving the nonlinear
'algebraic equation

a o

_, Hg(T i - Tg) - Hf(T i - Tf) II0

(1 - Ys)- Ks(ys_- Ys)= 0 (9.24)ki

for Ysi. In functional form, equation (9.24) is

F(Ysi; P,Tg,Tf, y s, Hg,Hf, Kg)= 0 (9.25)
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which is seen to be a function of the bulk properties and heat and mass transfer correlations
(which are ultimately defined by the bulk properties).

Figure 9.1 Schematic of interfacial heat and mass transfer in bulk flow- case of initially
dry air brought in contact with water at same temperature
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Table 9.1 Interfacial heat and mass transfer coefficient correlations in FLOWTRAN-TF

iiii iiii i IIRIII i ii iiiii _ III iiii

Flow Rate Correlation References
Regime Coefficient

Bubble ht'b Nufb = 1 + (1 + 0.564 pe2/3)3/4 OeUrichet al., 1973

hgb NUgb =104 Dimenna et al.,
(gas side is not controlling) 1988;

Treybal, 1980;
Sherwood et al.,

1975

kgb Shgb = Nugb Le 1/3 "
(Chilton-Colbum hett and mass _xns. analogy)

Slug hfs Partial turbulence (Reuauidfilm< 1200)'
Nufs = 1.1894_ Pe°.s Dimennaet al.,

1988

Complete turbulence (Rcqiquidfilm
> 1200):

Nufs = 1.76110 5 Re 1.5°_Pr°.5 Treybal, 1.980

hgs Nugs = 2 + 0.74 Re 1/2Pr 1/3 Lee & Riley, 1968

kgs Shgs = Nugs Le 1/3
(Chilton-Colbum heat and m_s trans, analogy)

Annular hfa Laminar (RelicFfid film < 1200):
Nufa = (1.5 _ Pe/4.333) o.5 Treybal, 1980

where 8 is the film thickness from flow regime
map logic

Turbulent(Reliquidf'tlm> 1200):
Nufa= 1.76×I0"5Re1,5o6Pro,5 Treybal,1980

hsa Laminar (Re < 50,000):
Nuga = 5.03 Pe 1/3 Chapman,1974

Turbulent (Re > 50,000):
Nuga = 0,0265 Re°.8 Pr 1/3 Chapman, 1974

kga Shga = Nuga Le 1/3
(Chilton-Colburu heat and mass trans, analogy)
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9.2 Interfacial Exchange at Walls

Vaporization/condensation rates have already been defined in the Wall Heat Transfer
section. In this subsection, the corresponding interfacial energy exchange terms are
explicitly defined. The overall model resembles the previous formulation with the energy
balance given by

Esw + Efw = 0 (9.26)

where

Egw _ Qgw+ Fwhsw- Ew (9.27)

Efw= Qfw- Fwhfw= - Ew (9.28)

The quantities Qsw and O.fwshould not be confused with Qwgand Qwf, respectively, shown
in equations (5.6-7). The steam (hsw) and liquid (hfw) entha]pies are evaluated at the wall
surface conditions. The rate of phase change (boiling or condensation) per unit total
volume becomes

- Qgw- Qfw
FW " ' '

li

_,w (9.29)

where the heat of vaporization is given by

_.w= hsw- hfw (9.30)

' Since the vaporization/condensation rates have been set in the Wall Heat Transfer section
by equations (6.14), (6.26) and (6.37), equation (9.29) actually defines the
vaporization/condensation heat transfer terms Qgw and Qfw. For subcooled boiling these
terms are

Qgw=0 (9.31a)

and

^ mw
: Qfw =- Fwk,w'Q" (9.31 b)

= while for condensation
_

- Qfw = 0 (9.32a)

and

^
_ Qgw = -Fw_.w"_" (9.32b)

--2
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10 Interfacial Drag

In the high void region, the FLOWTRAN-TF interfacial drag model is constrained to
satisfy a counter-current flow limitation (flooding) correlation appropriate to the geometry
of the mesh cell face at hand. We begin by compiling the relevant CCFL con'elations and
then discuss the overall interfacial drag model.

10.1 CCFL Correlations

For some of the channel geometries of interest to SRS (circular, annular, for example),
flooding correlations are available in the literaan'e. Unfortunately, no CCFL data for ribbed
annular passages have been located to-date nor is any SRS data available. Fortunately, a
90 ° sector of a thin ribbed annular section is very similar to a thin rectangular channel, for
which literature data are available, as illustrated in Fig. 10.1. Therefore, we assume CCFL
data for thin rectangular channels are applicable to the ribbed annular geometry of interest.
Literature experimental data for thin rectangular channels of various aspect ratios are shown
in Fig. 10.2. The data are for air-water countercurrent flow near atmospheric pressure.
The experimental data has been successfully corre!ated using a Wallis-type formulation
(Wallis, 1969)

+m_=C (10.1)

where 2a is taken for the characteristic dimension, De, in the definition

Jk=-Jk V g2a ,pp""f--"g) k= g or f (10.2)

and the m and C values are functions of the aspect ratio, b/a, of the channel. For the
correlation illustrated in Fig. 1.0.2, the m and C parameters are computed in terms of the
aspect ratio (b/a) as

m = 0.5148 + 3.4435(b) (10.3)

/b)C = 0.6581 + 0.1366 log10 a (10.4)

The choice of twice the channel width, 2a, for the characteristic dimension over other
selections, such as hydraulic diameter, has been justified. Using the channel hydraulic
diameter as the characteristic dimension failed to collapse the flooding data for various
aspect ratios. Also, various analyses indicate that twice the channel width is the appropriate
dimension (Mishima and Nishihara, 1985; Cheng, 1990). For example, the liquid flow
fraction for a cylindrical channel is

48
(I- oz)=_._ (10.5)
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where 8 is the film thickness of annular liquid downflow and D is the channel hydraulic
diameter. The countercurrent flow visualization studies done by Sudo and Kaminaga
(1989) indicate that most of the liquid downflow occurred along the narrow side walls of a
thin rectangular channel. In this case, the liquid flow fraction is approximately

28
(1 - a) =__ (10,6)

where a is the wide span of the rectangular channel. From inspection of equations (10.5)
and (10.6), the appropriate characteristic diameter for _ thin x_ctangular channel is
apparently 2a.

Table 10.1 lists the flooding correlation parameters used in FLOWTRAN-TF simulations
for various geometries of interest,

90° Sector of Equivalent
Ribbed Annular Channel Rectangular Channel

a

Iii uJ H

ro

a - _-(r i + ro)

b E ro - r i

ri

Figure 10.1 Similarity between a 90 ° thin annular sector and a thin rectangular channel
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,t Sudo & Karnin_a (b/a=8,3/66 (mm))

* Sudo & Kadainaga (b/a=12, 3/66 (mm))

1,2 " Osakabe & Kawasaki (b/a=10/100 (mm))
O Osakabe & Kawasaki (b/a=5/100 (mm))

1.0 _4 A ISI Osakabe & Kawasaki (b/a=2/100 (mm))
a A Mishima (b/a=1,5/40 (mm))

D Mishima (b/a=2.4/40 (mm))

_._ 0,8 • Mishima (b/a =5/40 (mm))
[] • ORNL (b/a=l,27/100 (nam))

I

"" I_ 0.6

+m =C

0.4 A
A

A []li

0.2 A , •

0,0

0.0 0,2 0,4 0.6 0,8 1,0 1,2 1,4

m_lC
Figure 10.2 Flooding correlation for thin rectangular geometry
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Table 10.1 Interfacial drag/CC_ parameters for SRS geometries of interest

Geometry _ ' Dc m ....C References .....
Thin 2a n@n[0.5148 + 0.658-f + Sud0_& -_

Rectangular 3.4435(b/a), 0.13661og10(b/a) Kaminaga, 1989;
1.01 Osakabe &

b Kawasaki, 1989;
a Mishima, 1984;

_ Ruggies, 1989

.... Ribbed rc 2a same as above same as above
Annulus "_'(rl + ro) u

7_

a -__.(r i + ro)
b m r o - r i

......... , ......

Annulus ' _ (r i + ro) 0.8 0.45 Osakabe &"_" Kawasaki, 1989
Circular D 1.0 0.94 Wallis, 1969i , H ,, ,, ., ......

10.2 Interfacial Drag Model

Two distinct interfacial drag models are used in the axial and azimuthal momentum
balances. The current axial interfacial drag model is based on adapting one-dimensional
drift-flux concepts to the two-fluid formulation (Anderson and Chu, 1982; Ishii and
Mishima, 1984), The drift-flux model for downward flow is

ug = Co(jg + jf)- ugj (10,7)

where

us =- gas phasic velocity
_

jg - gas superficial velocity, Q_/A

jf -m liquid superficial velocity, Q#A

Co -= distribution coefficient

u_j =- drift velocity

For drift-flux parameters, Co and u_j, which are at most functions of void fraction, a
compatible FLOWTRAN-TF two-fired rnodel is constructed as follows. The frictional
component of mixture wall drag, FZw,is repartitioned between the gas and liquid momentum
balances according to

F_g I fri== o_fz I_= = a(f_g* I f,-ic+ f*,,,f*If,ic) (10.8a)

F,ZfI fric= (1-a)FZ [ fric= (l'-a)(FZg* [fric+ FZf* tfric) (10,8b)

The term FZg [_riccan be interpreted as an 'induced' interfacial drag due to wall friction.
: The form _oss components are left the same as those constructed in Section 7. That is

= 50=
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FZf - FZwfIfric + F_wf* [form .....................(10.9b)

'Local' interfacial drag, due to the relative motion between the phases, is modeled in terms
of the drift-flux parameters as

F = lu, lu - 2 .... u -Couf (10.10>
uej

where values for the distribution coefficient, Co, and the drift velocity, ugi, are derived
from data. Note that the correct sign is obtained for F_ by forming the produ'_t of absolute
value of relative velocity and relative velocity. With the interfacial drag models given by
equations (10.8-10), the gas momentum balance (514) reduces to the drift-flux model
(10.7) under steady, axially uniform conditions with no form losses.

For void fractions less than 40% (dispersed flow regime), the drift velocity in
FLOWTRAN-TF is computed from a bubble rise velocity correlation of the form

d = K_ _ (10.11)
usJ _¢ Pf

where Dc is a geometry specific characteristic dimension. Table 10.1 lists the characteristic
dimension for the channel shapes of interest. For void fractions greater than 60%
(separated flow regime), the drift velocity is computed in terms of the distribution
coefficient such that the flooding correlation given by equation (10.1) is satisfied (Ohkawa
and La.hey, 1980):

s _ CO
u_i = C2,_¢ Pf (10.12)

Coot ( p_.g_x/2m2+ i .... Coa Pe)

Between 40% and 60% void, the drift velocity is determined by linearly interpolating
between the dispersed and separated regime values according to void fraction.

The distribution parameter was viewed as a piecewise linear function of void fraction to be
adjusted to fit the available cocurrent downflow data. The constant K in equation (10.11)
was also chosen to be a free parameter. These parameters were optimized to give a best fit
to the VOID Rig cocurrent downflow data (Whatley, 1990) as follows. Eliminating
pressure gradient, VP, between the gas and liquid momentum balances, equations (5.4)
and (5.5), yields

FI = ox(1 - c_)Apg (10.13)

This expression was used to derive 'experimental' values of interfacial drag, denoted
F1ExP, from VOID Rig void fraction data. Equation (10.10) produced 'model' values in
terms of the chosen free parameters and can be rewritten in functional form as
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F_°°_ = rcn(Co, K) (10.14)

where K is the coefficient in correlation (10.11) and Co represents the vector of
distribution parameter values. Optimal parameter values were chosen by minimizing a
least-squares norm between the experimefital (FIEXP)and model (gi MODEL) interfacial drag
values, accounting for uncertainties in both the independent and dependent variables. The
optimal value of K was determined to be 0.503 and Fig. 10.3 illustrates the resulting
distribution coefficient variation. The corresponding drift velocity variation for the VOID
Rig channel geometry is shown in Fig. 10.4.

Turning to interfacialdrag modeling in the azimuthal direction, the wall drag repartitioning
is analogous to the axial direction. The local drag is modeled differently however with the
local relative velocitycomputed as the simpledifferenceof the phasic velocities:

F_',, C_Iw_.-wtl(ws-wt) (10.15)

In ali applications considered to-date, azimuthal flow occurs between subchannels (90°
sectors) through the narrow gap between a longitudinal rib .andthe adjacent cylinder. For
these cases, we assume two-phase flow in the azimuthal direction (x-direction) is
homogeneous; that is, we set the interfacial drag coefficient, C_ to a sufficiendy large
number such that the relative velocity between the phases is nearly '_ro.

.5 .......

---.---- (0,40, 1.45)_ _..,.__ (0.60, 1.44)-------_............................._/ ........................:,..........i..............I........-...........

__.._J._................................................._......................I...........1.3

.........,/i.......................................1 1..................iX....illCo

1.2 , 1.20)----- ...................................._-....-,:-...................
\

...... , u,,,r;- -:----:- ,, .................. _ --
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11 Channel Inlet Void Distribution Model for Mark-22
Assembly

In applicationsof two-fluidthermal-hydrauliccodes such as FT,OWTRAN-TF,tile spatial
nodalization is relativelycoarsewith mesh cells typicallyspanning the entirecross-sectional
area of the dominant flow direction. Code calculations yield only cross-sectional average
values; details of the flow behavior within a mesh cell are inherently imbedded in the
constitutive relations. Explicit tracking of the detailed flow within a cell is generally
unnecessary to perform the transport calculations. One exception occurs at the junction
between the Top and Middle Sections of the Mark-22 assembly mesh, illustratedin Figure
11.1, where the main channel branches into multiple flow paths (refer to Fig. 2.1 for
definitions of Top and Middle Sections). Because the phases are not generally distributed
uniformly within a cell, the local void fraction advectedacross the middle section channel
entrances is not equal to the upstream cell-average value available from the normal code
computations. In this section, we describe an empirical model for the middle section
channel inlet void distribution for the Mark-22 assembly which we use to specify void
fraction at the middle section entrance. Liquid flow splits, gas flow splits, and total
assembly air flow are ali strongly dependent on the channel inlet void distribution for a
given total liquid flowrate and pressure boundary condition.

Before presenting the detailed channel inlet void model for the Mark-22 assembly, we first
qualitatively describe the expected phase distribution in the upstream cell based on physical
reasoning and experimentalobservation. Because of symmetry in the azimuthal direx:tion,
we assume local void fraction does not vary in this direction. In the radial direction, local



void fraction is presumed to be generally nonuniform. Phase distribution phenomena are
known to depend on channel geometry, flow direction and flow conditions (i.e. flowrates,
pressure gradient, etc.). For downward flows, void peaking has generally been observed
toward the center of the conduit with lowest void near the wall (Oshinowa and Charles,
1974; Wang et al., 1987). Accordingly, we expect the local void advected across the
middle channel inlet to tend to be higher than that advected across the inner and outer
channel entrances. Also we expect this effect to be more pronounced in the slug and
annular flow regimes. A complicating factor is the 'overhang' immediately above the inlet
to the outer channel. Under an adverse pressure gradient situation for which the liquid
flow is gravity dominated and the gas flow is due to entrainment in the liquid flow, we
expect the overhanging lip to tend to divert liquid away from the outer channel. That is, we
anticipate a tendency toward higher void at the outer channel inlet due to the Mark-22
geometry for an adverse pressure gradient. For a favorable pressure gradient on the other
hand, air flows are relatively high and water is swept along with the air flow. Because of
the low inertia of the gas phase, the overhanging lip is not a significant obstacle and we
anticipate less impact on the void distribution compared to the adverse pressure gradient
case.

An examination of the Annular Flow Distribution (AFT)) liquid flow fraction data taken at
Babcock & Wilcox (B&W) (Childerson et al., 1990) supports the anticipated phase
distribution behavior discussed'above. Furthermore channel inlet void values inferred
from the liquid flow fraction data can be successfully correlated as a function of computed
upstream average void fraction and local pressure gradient at the Top/Middle Section
junction. The FLOWTRAN-TF Mark-22 channel inlet void model was constructed by
assuming the inner and middle channel inlet void could be empirically modeled as

o_i = fen(ez, VP) (11.I)

(xm = fcnCa, VP) (11.2)

and the outer channel inlet void fraction could be determined f'rom the mass balance

k k=t,m,o

where the upstream cell volume is partitioned by channel inlet flow area. Symbols in the
above equations are defined by

i = inner channel

m - middle channel

o -= outer channel

ct _- average upstream void fraction

o_k - k m channel inlet void; k = i, m, o

VP m local pressure gradient

V = upstream cell volume



I

Vk m volumepartitionedtothekthchannel

A -=totalchannelinletarea

Ak m k•channelinletarea

The procedureforinferring'experimental'channelinletvoidfractionvaluesfromtheAFD
dataisbasedon matchingexperimentalandpredictedliquidflowsplitsasshownirlFig.
11.2.The resultsofthisprocessfora subsetoftheAFD dataareshown inFigs.11.3
through11.6.The inferreddatawas subsequendycorrelatedusingpolynomialfunctions
ofupstreamaveragevoid.The detailedFLOWTRAN-TF channelinletvoiddistributionis
givenbelow.

ForAP < 0 Pa(adversepressuregradient),

cii_v = 0.3088a - 0.3106a 2 + 4.4771ot 3 - 7.4838a 4 + 4.0085a 5 (11.4)

ildv

a m = 0.9292ct- 1.9320a2+ 9.9311a 3- 12.783a 4 + 4.8547a 5 (11.5)

For Al:'> AP0 = 200 Pa (favorable pressure gradient),

c_fav
i = a - 2.2029a 2 + 4.2057a 3 - 2.0028a 4 (11.6)

c_V = ct- 2.59320t2 + 14.667a 3 - 21.131a 4 + 9.0472ct s (11.7)

The pressuredifferenceAP isdefinedtobetheupstreamcellpressureminusthearithmetic
averageofthecellpressuresinthemiddlesectionatthetopaxiallayer.Inthepressure
gradienttransitionregion,0 < AP < AP0,linearweightingbetweentheadverseand
favorablecorrelationsdefinesthechannelinletvoiddistributionas

( AP'_ sdv (AP'_fav,._,_0/"_0J ctk
a k- I-W-E-|Ct k + (11.8)

where k = i, m. In developing the equations (11.4-7), the following constraints were
imposed on the polynomial forms:

a_(O, AP) = 0 (11.9)

c_(I,AP)-- I (I1.10)

where l = adv, fav. In addition, continuity of slope with the homogeneous void
distribution line (Ctk= Ct) at zero void was required for favorable pressure gradient
conditions due to a lack of data in this region. That is, equations (11.6) and (11.7) also
satisfy
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Figure 11.2 Strategy for determining experimental channel inlet void distribution
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12 Azimuthal Momentum Donoring Scheme

Another situation in which the detailed phase distribution within a fluid computational cell
is important is illustrated schematically in Fig. 12.1. Within each subchannel of a ribbed
annular channel, higher local void occurs near the center and a higher fraction of the liquid
occupies the region near each rib. Referring to Fig. 12.2, properties at a cell face are
usually taken from one of the adjoining cell centers depending on the velocity direction.
Specifically, cell face properties are taken to be upwind cell center values and are termed
'donored' properties. For the situation illustrated in Fig. 12.1, the donored local void
fraction at the cell face c_inciding with a rib gap, oh-ib,may not be well approximated by the
cell average value, a. _ flexible donoring scheme is coded in FLOWTRAN-TF to allow
users the option of mortifying the normal donoring scheme of arib = a. For ct < at a
linear variauon is chosen:

ctrib,1 _ct (12.])ft'rib= al )

In the region at < ct < ct2 the form is

ctrib = ctrib,2 + ct2- (XI (ctrib, l -- ctriU,2) (12.2)

and for ct > a2

(a-ct2) N2(:/'rib-- 1 - ct2 (1 - ctrib,2) + Ctrib,2 (12.3)

The parameters ct1, ct2, Ctrib.l', 0_rib,2, N1, and N2 arc input parameters. Note that the
model is continuous for any selection of the parameters. Figure 12.3 illustrates an example
variation which is piecewise linear (N1 = N2 = 1).

Experience with FLOWTRAN-TF indicates that azimuthal crossflow can be sensitive to the
r-ibvoid fraction model depending on the selections for other parameters (i.e form loss
coefficient, interfacial drag coefficient, rib gap, orientation with respect to gravitational
field). A clear choice for the rib void fraction model has not emerged to-date. The rib void
fraction model chosen for the nominal Mark-22 assembly model used to compute the
Recommended K-Reactor Restart ECS Power Limit (Smith et al., 1990a; Smith et al.,
1990b) is

ct1 = 0.25 (12.4a)

ct2 = 0.75 (12.4b)

Ctrib, 1 = 0.25 (12.4c)

O_rib,2 = 0.75 (12.4d)
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N1 = 1.0 (12.4e)

N2 = 1.0 (12.4f)

which is simply the 'default' model arib -- a.

Gas

Liquid

Azimuthal
Crossflow

Local
Void Fraction

Near Rib

(Xrib

Ri

\
Cell Avera

Void Fraction
(g

Figure 12.1 Typical void fraction distribution in a fibbed annular channel
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Figure 12.3 Schematic illustration of rib void fraction model

13 Boundary Conditions

The basic inlet boundary condition option is prescribed pressure P, void fraction a, gas
temperature Tg, liquid temperature Tf, and air mass fraction X.. Inlet densities and
enthalpies are computed from these specified five primary variables. For the basic
boundarycondition option, inlet gas and liquid flowrates are part of the FLOWTRAN-TF
solution. In addition to the basic option, inlet liquid and/or gas flowrate can be prescribed
in FLOWTRAN-TF giving the user three additional inlet boundary condition options. For
prescribed liquid flow, the liquid momentum balance between the inlet boundary (plenum)
cell and the first cell in the Top Section is replaced with a specified flowrate equation. Inlet
pressure is decoupled from the overall liquid momentum balance but is still used in the
overall gas momentum balance and to compute inlet densities and enthalpies, Prescribed
gas flowrate is handled in an analogous manner. Finally, liquid flowrates at the entrance of
e,_ch axial flow path in the middle section can be prescribed. This allows the user to
prescribe annular channel or subchannel flow splits for instance.

In both reactor assembly and experimental rig applications, horizontal stratified flow
frequently exists at the inlet between the inlet (plenum) boundary cell and the f'trst internal
cell in the fluid mesh as shown schematically in Fig. 12.1. For this situation, the phasic
z-direction momentum balances are modified by adding void gradient terms to account for
the pressure gradient in the transverse (vertical) direction at the f'trst mesh cell face. The
following terms are added to the right hand side of equations (5.4) and (5.5), respectively,
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-HApgct(1 -ct)Va (13.1)

+HApgct(1 - ct)Vet (13.2)

where H is the transverse cell (plenum) height. Note that these extra terms do not appear in
the mixture (sum) momentum balance since the terms are identical except for sign, Also,
the user may modify the interfacial drag coefficient to account for the horizontal, stratified
flow regime, Typically, a very small interfacial drag coefficient is selected.

Terms (13,1) and (13.2) are derived as follows, Figure 13.2 illustrates the pressure profile
in a horizontal stratified flow. The following pressures are defined

Pi m interface pressure

P g _ average pressure in gas phase

Pf - average pressure in liquid phase

Assuming the transverse pressure gradients in gas and liquid are due to hydrostatic head
and constant properties yields

1
Pg = Pi- ._pggctgH (13.3)

1
Pf= Pi + ._,pfgctfH (13.4)

=

The pressure force on the gas phase per unit volume for the control volume shown in
Figure 13.2 is

- Pg2ct 2)A (Pil + Pi2) (ct 1-ctg2 )AF.._g= (._l_lctgl ..... g _ ..._.._____
V V 2 V (13.5)

In the limit at Az goes to zero

F aPgct Oa
lira 2.t. = __ pi_z (13.6)Az-_OV

Similarly for the liquid phase

. Ff aprf aaf
al_0-_. = _- Pi--b_z (13.7)

7

The pressure force per unit volume on the mixture is the sum of equations (13.5) and
(13.6):
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lira _ _z(o:sPg + o:fPf) (13 8)az_O V --

Equation (13,8) motivates defining an average mixt_u'e pressure as

-- asPg+ afPf (13.,9)

In terms of the average mixture pressure, the interface, average gas, and average liquid
pressures are

- 1 1 2
Pi = P + _'pgga_H- _'pfg_H (13.10)

- 1 1 2
Ps = _- '_'Pgg(Xg(XfH- ._.pfg(x_H (13.11)

- 1 2 1
Pf-- 13 "4"_,pggctsH+ ._.pfgagafH (13.12)

Substituting equations (13.10-12) into equations (13.5-7) yields

F = a 0P Oa
lim Li. + ApgHasaf:_z (13.13)Az.-,0V g'bT"

Ff OP _zlira -- = af-_z - ,_pgHaga (13.14)az._0 V

Moving these terms to the r.h.s, of the momentum balance as they appear in equations
(5.4) and (5.5) (i.e. change the sign) and replacing a s with ct, af with (1 -a), and O/Oz
with V yields the terms given by (13.1-2).
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