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Development of a F e a s i b l e P r o c e s s fo r t h e S imu l t aneous 

Removal of Ni t rogen Oxides and S u l f u r Oxides from 

F o s s i l Fuel Burning Power P l a n t s . 

ABSTRACT 

David T. Clay* and Sco t t Lynn 

A dry s o l i d s p r o c e s s h a s been developed f o r t h e s i m u l t a n e o u s 

removal o f NO and SQ_ from power p l a n t s t a c k g a s e s . A- c a t a l y s t / 

abso rben t i n a n e t r e d u c i n g f l u e gas e f f e c t s t h e removal o f S0_ 

by a b s o r p t i o n a s f e r r o u s s u l f i d e o r s u l f a t e and t h e removal o f 

NO by r e d u c t i o n t o n i t r o g e n o r ammonia. The s o l i d i s r e g e n e r a b l e ; 

r e a c t i o n wi th a i r produces a r i c h s t r eam o f S0_ and f e r r i c o x i d e . 

The SO- may be conver ted t o s a l e a b l e H_SO. and t h e s o l i d i s r e c y c l e d 

t o t h e p r o c e s s . 

The p rocess i s c a p a b l e o f g r e a t e r t han 90% removal o f SO- and 

NO. The emissions of H , , CO, and NH_ a r e we l l below a c c e p t a b l e 

emiss ions l e v e l s . The c o n c e n t r a t i o n of t h e s o l i d s i n t h e e f f l u e n t 

s t ream i s not s i g n i f i c a n t l y i n c r e a s e d over normal f l y a s h l e v e l s . 

There i s no s i g n i f i c a n t i n c r e a s e i n t h e q u a n t i t y o f s o l i d s which 

must be disposed of. No f l u e gas coo l ing o r r e h e a t i n g i s r e q u i r e d . 

There a r e no l a r g e s t o r a g e v e s s e l s or s l u r r y t r a n s p o r t l i n e s 

w i t h i n t h e p roces s . The r e g e n e r a t i o n p r o c e s s i s t h e r m a l l y s e l f -

s u f f i c i e n t . 

Experiments in a f low- th rough f ixed-bed r e a c t o r be tween 370-

540°C have confirmed t h a t t h e p r o c e s s r e a c t i o n s a r e f e a s i b l e . Known 

* PhD Thesis 



calculational techniqi es were used to extrapolate the fixed-bed 

rate data to dispersed-phase contactor conditions. The rapid 

lates result in a relatively short contact time for the highly 

dilute dispersed-phase contactor. Sinilar experimental and calcula

tional techniques were used to confirm that regeneration would be 

feasible at 680°C in a fluidized bed. 

An economic analysis of the process for a 1000-Hw coal-fired 

power plant showed that it is quite competitive with currently 

existing wet-scrubbing processes which remove only S0_. T.;e process 

costs, including the HjSO plant, are $18.5/kw for the capital 

investment and Q.91 mills/kw-hr for the operating cost, with no 

credit taken for the H_SO . 
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CHAPTER I 

Introduction and Background 

A. Problem Statement. 

In the middle of the last decade a concentrated effort was 

begun by government, industry, and university groups to develop 

technology for control of rhe emissions of sulfur dioxide from 

stationary sources. The work concentrated on electrical power gen

erating plants, since at that time, this source accounted for about 

45% of the total S0 2 emissions in the US QJSDHEW, 1969). SO- emis

sions from US powsr plants, assuming no control, are expected to 

increase 270% between 1967 and 1980 (Chilton, 1971). With no SO, 

abatement, by 1980 power plants would emit about 65% of the total 

S0 2 emissions. 

Another important polutant which was identified as coming 

from power plants was nitric oxide. When work began in 1968 elec

trical generating plants emitted about 20% of the total nitric 

oxide emissions in the US and about 40% of all NO from stationary 

sources (USDHEW, 1970) . Between 1968 and 1980 NO emissions from 

power plants are expected to increase by 220%, assuming no controls. 

Bartok (1969) has estimated that, with completely uncontrolled NO 

emissions, by 1980 the amount of total NO coming from electric 

utilities will increase to 25% of the total NO emissions. This 

percent increase is expected to continue in the future, particularly 

because of emphasis on NO control from raol ile sources. 

Although both of these pollutants are generated from the same 
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sourcet separate control technology was developed for each. This 

is evidenced by the publication of two separate control documents 

by DHEW, one in 1965 and the other in 1970 for NO. 

In December, 1971, the EPA promulgated Standards of Performance 

for New Stationary Sources which included limits on the emissions 

of both SO and NO frora power plants. This clearly identified the 

need to develop processes which controlled both S0_ and NO emissions. 

To date there have been only a few processes developed to meet this 

double goal. An evaluation of these processes (Section D) shows 

them to be either inefficient or difficult to operate. The broad 

objective of this study then is the development of a feasible pro

cess for the simultaneous removal of nitrogen oxides and sulfur 

oxides from the effluent gases of fossil-fuel burning power plants. 

B. Obj ectives. 

In order to achieve th i s overall objective, c r i t e r i a were es

tablished for evaluating potential process al ternates. These c r i 

t e r i a , which should be sat isf ied by any acceptable process, are 

described below. 

1. Foreseeable government regulations on emission levels of NO 

and SO must be met. x 

The proposed 1971 emission standards from EPA have set these 



levels at 0.2 lb NO /10 BTU (210 ppm)* for gas-fired un i t s , 0.3 lb 

NO /10 6 BTU (310 ppra}* and 0.8 lb S0 2 /10 6 BTU (390 ppra)* for o i l -

fired units, and 0.7 lb NO / 1 0 6 BTU (672 ppm)* and 1.2 lb SO 2/10 6 

BTU (540 ppm)* for coal-fired units (EST, 1971). Even t ighter re

s t r ic t ions can be expected in the future since the majority of new 

plants built will burn ei ther coal or o i l . 

The desired process should have the potential of lowering the 

NO and SO concentrations to less than 100 ppm. The currently 

accepted technique for lowering NO i s by combustion modification 

(See Section D.2.a). I t i s generally agreed that the present s tate-

of-the-art in combustion techniques for o i l - and coal-fired units 

only permits the concentration of NO to be reduced to between 300 

to 400 ppm. NO i t se l f does not dissolve appreciably in water or 

basic solutions and i t s oxidation to the soluble N_0, i s too slow 

to be practical for large flows. The only feasible method of ob

taining NO levels below 100 ppm appears to be by the reduction of 

NO with CO or H_ over a solid cata lyst . SO , however, reacts quite 

readily with numerous substances and could be removed by reaction 

with the NO reduction cata lyst . The key to the proposed process 

i s a solid catalyst/absorbent which retains i t s act ivi ty for NO re

duction reactions while reacting with and removing the sulfur com

pounds in the flue gas. 

NO is expressed as NO- and the ppm values are based on: 

coal - 0.7 lb C/lb coal, 12,000 BTU/lb coal, 14% CO 
oil - 0.865 lb C/lb o i l , No. 0.6 fuel o i l , 12% CO 
gas - 0.97 f t 3 CO / f t 3 gas, 873 BTU/ft3, 9.1% CQ̂  
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2. No other type of pollution problem should be created by instal

lation of the process. 

This requires that NO and SO either be rendered innocuous 

or converted to saleable by-products. In the case of NO the latter 

alternative is highly improbable, and conversion to innocuous pro

ducts must be achieved. The reduction of NO by CO or H_ mentioned 

in the previous section leads to the formation of N, or NH,. The 

extent and significance of NH, emission from the proposed process 

is discussed in Chapter VI. On the other hand, there is no compound 

of sulfur which does not pollute if released on a large enough scale. 

Saleable by-products worth considering are elemental sulfur and 

concentrated sulfuric acid. 

Sulfur removal schemes are numerous (Davis, 1972). Dry 

limestone injection was reported as the least expensive SO control 

technique but was found ineffective for adequate sulfur removal 

(EPA, 1973). It has the added disadvantage that large amounts of 

unreacted sulfur-laden solids are discharged. This results in both 

particulate pollution and solid waste pollution. Wet limestone 

scrubbing, although it has much higher S0_ removal rates, has similar 

problems. It discharges an aqueous stream high in sulfate and cal

cium ions. The Chemico Magnesium Oxide process (Shah, 1972) has 

potential for recovering sulfur as concentrated sulfuric acid, but 

it is ineffective for NO removal. The proposed process has the 

potential of both effective NO removal and recovering either ele

mental sulfur or concentrated sulfuric acid without producing other 

waste products. 
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3. The removal mechanism for one component should not depend upon 

the presence or absence of the other. 

The nitrogen fixed as NO comes from both the fuel and the air. 

The significance of the two sources varies, since the extent of NO 

formation from air N and fuel N depends upon the burning conditions 

and the composition of the fuel. The NO concentration in the stack 

gas ranges from 200 to 1400 ppm, most frequently being in the ramie 

of 350 to 600 ppm. The source of sulfur oxides, however, is only 

from the fossil fuel itself. The concentration of SO has no sig

nificant dependence on the design of the combustion installation. 

There is essentially no sulfur in the natural gas received at power 

stations, but oil and coal have sulfur levels which generate S0 2 

concentrations ranging from 130 to 4000 ppm S0 2. 

Obviously, no correlation is to be expected between the concen

trations of NO and SO- in the stack gas since they are generated 

by unrelated mechanisms. Hence a viable control process for both 

should not depend on the presence or absence of either for it to 

achieve satisfactory operation. 

A. Furnace operation should be independent of the process operation. 

The economy of power production is highly dependent upon the 

operation of the furnace. Large costs can result from a pollution-

control process which necessitates suboptimal furnace operation, 

regardless of other aspects of the process which may be attractive. 

The most widely accepted method for reducing the concentration 

of NO has been combustion modification [Bagwell, 1971; Bartok, 1969). 
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Included are such techniques as two-stage combustion, low-excess air 

firing, flue-gas recirculation, burner redesign, some combination of 

these first four, and water injection. All of these techniques are 

applied directly in the furnace region of the boiler, where the need 

to achieve complete and efficient combustion is generally given a 

higher priority. In order to operate to obtain both high combustion t 

efficiency and low pollution, compromises must be made resulting in 

neither goal being fully reached. 

Combustion modification in addition to being the best way to 

reduce the bulk of the NO , has been shown to increase furnace 

efficiency when properly used (Bartok, 1969). The lower limit 

achievable in this manner, however, is about 300 ppm NO for coal-

fueled furnaces. This level is still too high to be acceptable. 

Removal of the remaining NO can be effected by the proposed cata

lytic process downstream of the furnace section of the boiler. The 

catalyst/absorbent is used in a dispersed phase after the superheat 

section so that no problems of slagging, increased system pressure 

drop, or loss of plume buoyancy will occur. 

5. The process should be adaptable to both new and existing power 

plants. 

Two regions in the flue gas path generally accepted as the best 

points for removing pollutants are either the region between the super

heater and the air preheater or the region between the air preheater 

and the stack. Since solid removal agents react more rapidly at 

higher temeratures the first position would be preferable. Tempera-
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tures in this region are between 570" and 540°C, with residence 

times of the order of 0.5 second. Longer residence times could be 

designed into new units or provided in older units by simple duct 

extentions. 

6. The economics should be an improvement over the best currently 

known processes. 

Bartok (1969) shows that investment costs for combustion control 

of NO for new furnaces range from $0.25/kw for low-excess a i r firing 

in 750-mw oil or gas units up t o $2.0S/kw for 2-stage combustion in 

750-mw o i l , gas, or coal un i t s . The cost for modifications to exist

ing units would be 20 to 25% higher. Operating costs range from 

+0.05 mills/fcwh (expense) for 2-stage combustion with coal to -0.05 

mills/kwh (credit) with low-excess air and 2-stage combustion for 

o i l - f i red units . 

The most widely applied control for S0 7 is the use of low-

sulfur fuel. Fuel oi l with 0.3% sulfur se l ls for roughly Sl/bbl 

higher than i t s higher sulfur competitors (Shah, 1972). For a lonQ-Mw 

plant th is corresponds to roughly 1.6 mills/kwh for the additional 

fuel expense. Another SO- control process which i s increasing in i t s 

application i s Wet Limestone Scrubbing. Reported costs for th i s 

technique are about $30-40/kw for installation costs and 2.0-2.5 

mills/kwh for operating costs , depending on plant s ize, operating 

factors and other variables ('nirchard, 1972). Both of these process 

al ternates, when operated properly, can meet the EPA's S0 2 require

ments stat3'_l earl ier . 
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In comparison with the low cost Dry Limestone Injection Process 

the proposed process will have the atided cost of catalyst/absorbent 

regeneration, but none of the costs associated with limestone acquisi

tion, crushing, grinding, and disposal. In addition, some credit 

for sulfur recovery may be obtained. On balance, the costs are ex

pected to be comparable to dry limestone injection. Details of the 

cost analysis are given in Chapter V. 

C. Literature Revieŵ  

1. Sulfur dioxide control technology. 

a. Existing technology. 

Flue gas desulfurizaticn processes have traditionally been 

grouped as either wet or dry systems. The wet processes contact the 

main flue gas streaa with a clear solution or an aqueous slurry 

which absorbs the S0 ? from the gas stream. The liquid composition 

and type of contactor vary with the process. The dry processes 

contact the main flue gas stream with a porous solid which either 

absorbs or adsorbs the S0_. The solid and the type of contactor 

vary with the process. Slack (1973) has evaluated all of the major 

process alternatives, both wet and dry systems. Table i-1 summar

izes his evaluation. 



Table i-1 EVALUATION OF WET AMD DRY SO,, PEHOVA1 PROCESS. 

WET 

Advantages: 1. S0 9 removals are consis
tently high when unit is 
operating. 

2. In regenerable processes 
the ra t io SO =/S0 ~ is 
much lower than in dry 

(Slack, 1973) 

DRY 

1. Gas in not cooled. 

2. No water pollution 
problem. 

Disadvantages: 1. Flue gas cooling/reheat 
required. 

Scaling. 

Slurry transport . 

High pressure drops. 

Potential water pollu
tion problem 

1. Temperature cycling 
of absorbent or ex
pensive darapering 
systems 

2. High surface area 
requirement nay p*ean 
high a t t r i t i on . 

3. Full oxidation gen
eral ly occurs in 
solid. 

4. Potential solid pollu
t ion problem. 

Although a reliable dry process would be preferrable, from uhe oper

ational point of view. Slack concludes that because of as-yet-unsolved 

disadvantages of present dry processes the wet systems may he superior. 

In a recent publication, EPA (Princiotta, 1974] l i s t s six SQ7 control 

processes that are considered the most important for the near-term 

future. Five of the six processes are wet. concurring with the evaua-

tion of Slack. The sixth i s catalytic oxidation, which does not f i t 

well in either group. These processes are grouped according to the 

type of sulfur product produced. 
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Table i-2 LEADING S0 2 CONTROL PROCESSES. (Princiotta, 1974). 

Throwaway Products Saleable Products 

Lime Scrubbing Magnesium Oxide Scrubbing 
Limestone Scrubbing Sodium Sulfite Scrubbing 

Double Alkali Catalytic Oxidation 

The original approach taken for the development of a dry pro

cess was f i r s t to find a metal oxide which when reacted with S0_ 

would produce a stable metal sulfite under typical flue gas condi

tions. The metal sulf i te would then decompose in a regeneration 

step to the metal oxide and S0_. Unfortunately, under typical flue 

gas conditions metal sulfate instead of su l f i t e was the predominate 

product. This necessitated higher regeneration temperatures than 

would be practical i f strongly alkaline solids were used, i . e . , Ca 

or Na. Metals such as Fe and lin could be regenerated at pratical 

temperatures but had high equilibrium par t i a l pressures of S0_ over 

the solid at typical reaction temperatures, producing low removals 

CWelty, 1971). The result of this dilemma was to select a process 

with a solid which could be thrown away. The solid selected was 

CaC03. 

This original dry process. Dry Limestone Injection (DLIP), had 

great apparent potential because of i t s simplicity and low cost. 

Captial investment and operating costs for th i s system are approxi

mately half that of the wet processes l is ted above. Extensive ful l-

scale tes ts of the DLIP revealed, however, that i t s major disadvan

tages were low S0 7 removals(20 - 30^) and solids deposition in the 

superheater portion of the boiler. Despite the simplicity and low 

cost, the process has been de-emphasized because of these unsolved 
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problems. 

If a solid could be found which would increase the SO- removal 

without substantially increasing the process cost or complexity, this 

dry system would be competitive with the wet processes. A key to 

keeping the process cost low is to have an absorbent which absorbs 

S0„ at about the same temperature as it can be regenerated. Welty 

(1971) showed that such an absorbent cannot be found when both the 

aborption and reger.eration steps are carried out under oxidizing 

conditions. If the absorption step were net reducing, forming a 

metal sulfide, and the regeneration step, net oxidizing, forming 

metal oxide and S0 7, temperature cycling would be minimized. A 

potential sorbent for such a process would be iron. At 650°C it 

forms a stable sulfide and an unstable sulfate. 

b. Selection of absorbent for SO^ removal. 

Thomas (1969), (Also reported in Lowell, 1971), has made an 

extensive study cf the applicablity of metal oxides for removing 

SO_. The basic removal mechanism for a metal oxide system was the 

formation of metal sulfate in the removal step and the decomposition 

of metal sulfate in the regeneration step. The oxides of 47 elements 

were evaluated based on the following criteria: 

1. Stable oxidation stages at Pp., = 0.02 atm. 
2. Sulfate decomposition temperatures below 750°C. 
5. Decomposition (below 750°C) must yield oxide from sulfate. 
4. Low toxicity level of the compound. 
5. High Pg u ? at elevated temperature over the oxide. 
6. Low cost of material. 

Based on the evaluation of the compiled data Thomas reported that 
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oxides of Al, Bi, Ce, Co, Cr, Cu, Fe, Hf. Ni, Sn, Th, Ti, V, U, Zn, 

and Zr were the most promising. 

The formation of sulfate in both the DLIP and the above mentioned 

process creates a potential diffusion resistance when the outer 

layer of sulfate forms around the unreacted core of metal oxide. 

This effect is believed to be one of the reasons for the low S0 7 re

moval in the DLIP. If the sulfur were absorbed as the metal sulfide, 

less surface expansion would occur and the center core would be more 

accessible. Decreasing the amount of surface change would also cut 

down on particle attrition. Sulfide formation rather than sulfate 

formation would occur if the flue gas were made slightly reducing. 

Potential metals were screened for sulfide formation, with the 

work of Thomas as a guide. Since the sulfides are more stable than 

the sulfates in an inert atmosphere, elimination of those oxides 

which have too unstable a sulfate will be a conservative screening 

of potentially unstable sulfides. Therefore, the starting point for 

this screening was the top 16 metals given by Thomas. Table i-3 

lists the oxides of these 16 metals with the evaluation data. Ten 

metals were eliminated for the following reasons. 

fli?°3 ~~ C o s t t o ° h i 8 h 

C r2°3* C r 0 *" T o«city high 
Ce-O-, Ce02 — +5 valence decomposes with ignition 
HfO , ThO — Radiation danger, no valence chanee 
UQ 7, U Ogf U0_ - Toxicity 
V-7D5« ™ — belting point low or ignites 
2 3* i r ® T ^ n^ — N° valence change 

The remaining potential metals are re, Cu, Ni, Co, Ti, and Sn. The 

sulfides of Ti and Sn are thermodynamically unstable in the presence 

of H,0 at 1000°K. They hydrolyze to the oxide and H,S. Since the 

costs of Fe, Cu, and Ni were significantly less than Co, these three 

metals were selected as the best potential sorbent.s for the process. 



Table 1-3. METAL OXIUE EVALUATION 

DECOMP. T 
OXTDD (°C) 

METAL 
SULFIDE 

DECOMP. T METAL DECOMP. T 
SULFIDE(°C) SULFATE SULFATE(°C) 

COST TOXICITY* 
$/lb a b e d REFERENCES 

2045 mp AljSj 

820 mp DiS 

150 mp — 
2600 — 
200(ignites) C e 2 S 3 
B95 d ^°2S3 
900 d — 
1935 mp CoS 

2435 mp C r 2 S 3 
— CrS 
300 d ---
1325 mp CuS 

1235 mp Cu2S 

1565 mp F e 2 S 3 
1420 d FeS 

1538 d FoS 2 

2812 mp ... 
1990 mp NiS, N 

1100 mp A12(S0 ) 3 770 d 

680 mp Di 2(S0 4) 3 40S d 

=•1116 mp 

1350 d 

1550 mp 

220 d 

1100 mp 

d 
1196 

1171 mp 

mp 
79U, 797 NiSO. 

Cu2(S04) 840-935 

Fe 2(S0 4) 3 781-810 

0.14 1 0 2 0 Thomas, 1969 

4.75 
(metal) 

1 

1 

2 

2 

U 

U 

1 

1 

Sax, 1968 

Oil, Paint S Drug 

... U 1 U 1 Reporter, 1971 

... U 1 U 1 

2.20 
(metal) 

1 

1 

1 

I 

1 

1 

1 

1 

*Toxicity given 

on basis of: 

" 1 1 1 i a. acute local 

1.83 3 U 3 3 b. Acute systematic 

" 3 U 3 3 c. Chronic local 

3 U 3 3 d. Chronic systematic 

0.67 1 2 1 1 Where: 

" 1 2 1 1 0 - No toxicity 

0.08-0.20 1 0 0 0 1 - Slightly toxic 

" 1 0 0 0 2 - Moderate Toxicity 
II 1 0 0 0 3 - Severe Toxicity 

... U R U - Unknown Toxicity 

1.33 1 1 2 2 R - Radiation °* 



T a b l e i - 3 METAL OXIDE EVALUATION . ( C o n 1 1 ) 

METAL DECOMP. T METAL DECOMP. T METAL DECOMP. T COST TOXICITY* 
OXIDE OXIDE (°C) SULFIDE SULFIDE(°C) SULFATE SULFATE("C) J / l b a b e d REFERENCES 

SnO 1080 d SnS 882 mp SnSO. >360 2.11 

SnO, 1127 mp SnS, 600 d SnCSO^j 300-587 1.97 

ThO, 3050 mp TliS, 1925 mp TI\(SOJ —- U R 

TIO 1750 TiS - - - Ti(SO ) , 150 —• 1 U U U 

TiO, - - - TIS , - - - — —- -— 1 U U U 

T i ? 0 3 2130 d Ti ,S_ -— Tl (S0 4 ) — -— I U U U 

V,I1 690 mp V 2 S 5 d 2 .21 U 

\'20 1970 mp - - - » U 

V,0 j - - - \ ' 2 S 3 d>M0 V 2 ( S 0 4 ) 380-408 " U 

VO [Ignites) VS D • " U 

lljOj 1300 d U.Sj i g n i t e s U 

110, 2500 mp US, HlOO u ( S O . ) - u 

U 0 3 d US >2000 mp U 

^nO 1975 mp 2nS 1850 mp ZflS0 4 600 d 0 . 1 5 U 

Z r 0 2 2700 mp ZrSj 1550 mp Z r ( S 0 4 ) _ 410 d " U U U U 
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c. Sulfide formation reactions. 

Ryason (1967) reported the cata lyt ic reduction of SO 

with CO over a copper oxide/alumina catalyst to give S 7 . The 

reaction was 

2C0 + SO, £ 2C0 + hS0 i-1 

Qualitative evaluation of the catalyst after reaction suggested 

that copper sulfide was formed. Since COS was also formed, the sul-

fidation nay have occurred by 

CuO + COS £ CuS + CO- i-2 

Khalafalla (1971) studied the same S0_ reduction reaction 

over an iron oxide/alumina catalyst. In a later and more definitive 

study, Haas and Khalafalla (1973) definitely confirmed the presence 

of both FeS and FeS-. They suggested that these sulfides were formed 

during the initial phases of testing when CO and S0_ were passed 

over Fe_0 . An important observation made by Haas (1971) was that 

0, above 0.5% poisoned S0 7 reduction to sulfur, 

Kasaoka (1973) tested copper oxide/alumina, iron oxide/alumina, 

nickel oxide/alumina, cobalt oxide/alumina, and iron oxide/chromium 

oxide/alumina catalysts for reaction i-1 in the presence and absence 

of water. Traces of COS and H2S were measured. No discussion of 

the catalyst comjjosition was i*iven but it would be expected that all 

of the metals formed a sulfide before there was total sulfur compound 

elution. The presence of H,S suggests that R,,formed probably by the 

wL.ter-gas shift reaction, can also act as a reducer for S0_. Kasaoka 
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(1973) aLso reported that SO, reduction decreased when 0- was in 

the gas stream. The reduced activity was attributed to the formation 

of a sulfite or sulfate layer on the catalyst. At 2% 0- the catalyst 

was inactive. 

Querido (1973) has reported extensive work on reaction i-1 

with a copper oxide catalyst. Although he outlined a process to 

remove SO, and maximize S, production relative to COS production, 

no clear discussion of the catalyst composition is given. Based on 

the work of Haas (1973) and Kasaoka (1973) the active solid is 

probably copper sulfide. 

All of the studies mentioned above reduce SO- primarily to S ? 

with either COS or H,S being produced in varying degrees. Since 

there is no removal mechanism for either COS or H_S after the metal 

oxide has been sulfided, the potential for total sulfur compound con

version to S 7 is low. Nonhebel (1972), Hopton (195&), and Jordan (1935) 

discuss the reactions for removing H^S from coal gas streams by 

reaction with iron oxide to give iron sulfide at low temperatures, 

S5°C. By maintaining an excess of iron oxide in contact with the 

flue gas the sulfur formation reactions would be supressed and the 

sulfide formation reactions enhanced. All forms of reduced sulfur 

COS, VL,S, S0 7, and S-, would then be removed from the exit gas 

stream. 

2. Nitric oxide control technology. 

a. Combustion modification. 

An extensive study was done by the Esso Research and Engineering 



Company (Bartok, 1969) on methods for t he con t ro l of NO from s t a 

t i o n a r y sources . The s tudy concluded t h a t t he primary MO removal 

t e c h n i q u e for l a r g e power p l a n t s was combustion m o d i f i c a t i o n . This 

technology can be app l i ed t o e x i s t i n g p l a n t s a s wel l a s new p l a n t s 

a t low cos t or in some cases a t a c r e d i t t o t he p l a n t . Table i -4 

l i s t s t he techniques d i s cus sed and the amount of NO removal expected. 

Tab le i -4 ESTIMATED %N0 REDUCTION BY COMBUSTION MODIFICATION 
*. 

1000-Mw UNIT. (Bartok, 1969) 

OIL COAL 

Low-excess air firing (LEA) 33 25 
Two-stage combustion (2SC) 40 35 
LEA + 2SC 73 60 
Flue gas recirculation (FGR) 33 33 
LEA * FGR 70 55 
Water Injection 10 10 

Low-excess a i r f i r i n g in combinat ion with two-s tage combustion appears 

t o o f f e r t h e g r e a t e s t p o t e n t i a l For NO removal. 

i . O i l - f i r e d u n i t s . 

Bagwell (1971) r e p o r t s t h a t wi th f u e l - o i l f i r i n g on a 175-Mw 

f a c e - f i r e d u n i t almost 5Q% NO removal was achieved wi th two-s t age 

combust ion. The furnace b u r n e r des ign permi t ted t h e 0-, c o n c e n t r a 

t i o n t o be decreased t o 2.6% b e f o r e smoke formation began. Tomany 

(1971) r epor t ed r e c e n t c o a x i a l bu rne r designs for gaseous and l i q u i d 

f u e l s which permit a c l o s e r approach t o s t o i c h i o m e t r i c f i r i n g be 

f o r e t h e onset of smoking and e x c e s s i v e CO formation. Reman (1963) 
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claims a burner design that allows liquid fuels to be burned with 

stoichiometric air without smoking. Bartok (1969) and Turner (1972) 

report that tangentially-fired oil furnaces have lower NO emissions 

than horizontally-fired units. 

Low-excess air firing on oil units has been commercially de

monstrated. Glaubitz (1960, 1961, 1962) reported that a boiler 

furnace equivalent to approximately a 25-Mw unit was operated sat

isfactorily for 4 years at 0.2% 0 9. Reese (1965) reported an oil-

fired, 135-Mw tangential unit that was operated at 0.5% 0- while still 

maintaining acceptable carbon levels (99.9% carbon combustion 

efficiency, CCE) in the flyash. 

ii. Coal-fired units. 

Limited work has been done on low-excess air firing with pul

verized coal-fired units. Bienstock (1966) reported on NO removal 

and soot formation in a small laboratory coal-fired furnace (1 to 

4 lb/hr). When 1% 0~ concentration was maintained in the furnace 

zone followed by a later injection of 3.4% 0 7 (two-stage combustion), 

62% NO removal was achieved. The carbon in the ash increased from 

2% (99.8% CCE) at 4.4% 0, to 6.6% (99.2% CCE) with the two-stage 

combustion. HcCann (1970) reports a 70% NO reduction when the 0 ? 

concentration is decreased from 5% to 0.3% in a 500 lb/hr pulverized 

coal-fired Furnace. At the low excess air levels there was 7.8% 

carbon in the ash (99.0% CCE). This relatively low ash level was 

achieved by using a 370°C air preheat and a stable air/fuel ratio. 

Bartok (1972) reports that two-stage combustion was tested in 
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three coal units: a 175-Mw front-fired, a 480-Mw tangential-fired, 

and a 820-Hw horizontally opposed. In the front-fired unit an over

all 00 concentration of about 2% was used. It was reported in all 

cases that the modifications did not produce unacceptable levels 

smoke, CO, or hydrocarbons. These short term tests demonstrate 

the possibility but have not demonstrated the long term practicality 

of low-excess air firing in coal-fired furnaces. 

iii. Acceptable excess-oxygen firing levels 

Industry practice has been to maintain between 1 to 4% 0, in 

oil-fired units and 5 to 7% 0 ? in coal-fired units (Steam. 1969). 

The previous paragraphs indicate that commercial oil-fired units 

have been operated successfully at 0.2% 0_ with the aid of new firing 

patterns, new burner designs and higher controls. In a similar 

manner, research on these variables should enable the minimum 0 

level in coal firing to be decreased to about 2% 0 9 (Hazard, 1974). 

iv. Minimum NO with combustion modification. 

Nitrogen oxide is formed in the combustion process from nitrogen 

in the air and nitrogen in the fuel. Lange (1971) reports that to 

achieve significant thermal fixation of gaseous N^ as NO in utility 

boiler furnaces the temperature must be in the range 1500 - 1900°C. 

Hammons (1971) reported that fixation of fuel nitrogen in coal to 

NO can occur between 760 - 870aC. The temperature minimum for the 

conversion of fuel nitrogen in oil to NO is also expected to be in 

this range. Since the combustion temperatures for both coal and 

oil are equal to or above this lower limit, the minimum NO at low 

excess air will closely correspond to the fraction of fuel N con-



verted to NO. Martin (1972) am* Turner (1972) report that the 

fraction of fuel N converted to NO varies with the level of N in the 

fuel and the amount of excess D_ used for combustion. Turner (1972) 

gives a typical range of fuel N conversion to NO as 30 - 60% for 

oil-firing. Jonke (1969) reports a typical range of fuel N con

version to NO of IS - 25% for a fluidized bed of coal. The N con

tent of typical fuel oils ranges between 0.07% (light, distillates) 

and 1.4% ("heavy oils). The US crude average is estimated at 0.148% 

(Ball. 1962). -oal N ranges between 0.8% (Anthracite) and 1.9% 

(Sub-bituminous A). Most coals average around 1.5% N. Table i-5 

lists the expected NO flue gas concentration resulting from the fuel 

N, given the listed assumptions. 

Table i-3 CALCULATED MINIMUM NO EMISSIONS EXPECTED FROM OIL AND 
COAL FIRED UNITS. 

OIL COAL 
Wgt % Carbon in Fuel 86 72 

Wgt % Nitrogen 

Vol % CO, in flue gas 

% Conversion fuel N to NO 

Concentration NO (ppa) 

Bartok (1972} reports that NO concentrations in commercial o i l -

fired and coal-fired units have been lowered to around 150 ppm to 

250 ppm with two-stage combustion and low excess a i r . A IS - 20% 

de-rating of the unit capacity was needed in al l cases. The lack 

of % fuel N data in this ?tudy does not allow direct comparison 

with the NO levels reported in Tab I,; i -5 . It would appear, however. 

1.4 1.5 

13 15 

30 18 

540 480 
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that commercial units may have lower NO values than laboratory 

furnaces. It is clear from Bartok (1972) that not all units operated 

acceptably at the extremes of these modifications. A reasonable 

estimate of minimum NO emissions under acceptable combustion mod

ification operations appears to be 300 - 400 ppm for botn oil and 

coal at the average N values listed in Table i-5. Therefore, in 

planning for future emission standards that may limit the NO concen

tration below 100 ppm, processing techniques in addition to combus

tion modification need to be developed. 

b. Dry NO Removal Processes. 

Although combustion modification techniques are effective for 

removing 605-80% of the NO formed during combustion, further removal 

must be accomplished by flue gas treatment processes that are 

efficient at low NO concentrations. As was the case with S0_, both 

wet and dry processes have been proposed for NO removal. Section 

B-l. discussed the ineffectiveness of wet systems for NO removal. 

Section c.l. concluded that for S0_ removal an effective dry system 

would be preferrable to existing wet processes. This leads to 

evaluating the potential of dry NO removal processes. These are 

grouped into three categories. 

Solid-gas chemisorption 
Heterogeneous catalytic decomposition 
Heterogeneous catalytic reduction 

i. Solid-gas chemisorption. 

Shelef (1971) has given an extensive review of the physical and 

chemical adsorption of NO on metals. Several different types of bonding 
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are described ranging from purely ionic to covalent. Ruthenium was 

the element which gave the largest variety of NO complexes. Iron 

was the common metal which showed the greatest affinity toward 

NO. Copper and nickel were other common metals which formed NO 

complexes. 

Otto (1970) studied NO adsorption on supported iron oxides 

between 26 - 150°C and 1 to 200 Terr. He found the NO adsorption 

ability of iron oxides to rank: Fe,0. > FeO > Fe-,0,. With F e ^ 

at 26°C and 200 Torr the NO equilibrium loading corresponded to 
2 7S0 mmoles/m ?e-0.. Similar measurements for supported nickel 

2 
oxide reported by Gandhi (1972) were 1650 mmoles NO/m NiO. 

Gandhi (1973) also reported NO adsorption on supported copper oxide. 

A maximum of 100 mraoles NO/m CuO was measured. In contrast to the 

iron, the more oxidized species, CuO, adsorbs NO more readily than 

does Cu„0. A comparison of the chemisorption rates of NO on these 

three metals shows the ranking to be: iron oxide > nickel oxide > 

copper oxide. 

Otto (1970) reported the initial NO adsorption rate on Fe-0. 

at 90 CC 3.5 Torr,as 1.09 x 10 mmoles/m Fe 0 -sec. Since he 

reported 16% reduction of NO to N ?0 over Fe,0d at 1S0°C, 90°C is 

assumed to be the apper limit for reversible adsorption on ¥e-0.. 

Calculations show that if a one-second contact time between a 

700 ppm NO flue gas stream and Fe,0. is assumed in a typical power 

plant, an adsorbant flow rate at least 8 times that of the coal 

would be required just to remove the NO. This assumes that the 

flue gas is cooled to 90°C from 150°C and that the presence of 



sulfur does not inhibit the adsorption rat*;. First, cooling the 

flue gas to 90°C is undesirable since this either results in de

creased plume buoyancy or added equipment. Second, Lunsfard (196S) 

has shown by comparing NO adsorption on ZnO and ZnS that placing 

sulfur on the surface does inhibit NO adsorption. Gidaspow (1972), 

in contrast, reported NO adsorption rates on platinised FeSO. with 

780 ppm NO and 82°C after 1 minute of 1.17 mmoles NO/nT ads.-sec 

(270 mmoles NO/g ads.-sec). If this was in fact true adsorption, 

the adsorbent-to-coal flow rates would be reasonable, around 0.001. 

Since 2% H ? in N 9 at 200°C had to be used in regeneration and no NO 

was measured in the outlet gases, it is apparent that reduction of 

NO instead of adsorption of NO was occurring at these higher rates. 

In summary, adsorption of NO on solids For NO removal from 

flue gases appears impractical because of the following limitations: 

— Flue gas cooling required. 
— Large adsorbent-to-coal flow rates are required just for NO 

removal 
— Possible inhibiting interaction between sulfur and NO adsorp

tion. 

i i . Heterogeneous catalyt ic decomposition. 

Nitric oxide is therraodynamically unstable re la t ive to the 

elements in an atoraosphere containing 75% N_ and 1% 0, below 730°C 

[Shelef, 1971). At 730°C(75?

oN.,1 1^0,) the equilibrium concentration 

of NO is 7.25 ppm. The presence of NO in po-rer plant exit flue 

gases (typically 150°C) i s a resul t of kinetically freezing the NO 

decomposition reaction. Bartok (1969) reports that under typical 

combustion conditions homogeneous NO deconposition is kineticaily 
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fro2en below 1260 DC. 

Shelef (1969) t e s t e d t h e heterogeneous c a t a l y t i c decomposition 

of NO over p la t inum and f i v e base metal ox ide c a t a l y s t s . Even a t 

S00DC NO decomposi t ion k i n e t i c s were not r a p i d enough fo r p r a c t i c a l 

a p p l i c a t i o n . Winter (1971) t e s t e d 40 metal ox ides f o r NO decomposi

t i o n . He measured r a t e s comparable t o t h o s e of She le f . Riesz (1957) 

performed an e x t e n s i v e s c r een ing of 21 commercial and 17 l a b o r a t o r y -

prepared c a t a l y s t s . P la t inum, pal ladium, base meta l ox ides and 

base metal s u l f i d e s were t e s t e d . The g e n e r a l conc lus ion was a l s o 

t h a t none of t h e s e c a t a l y s t s produced a s u f f i c i e n t l y h igh decom

p o s i t i o n r a t e t o be of importance. 

The r e s u l t s o f Riesz (1957) work on b a s e meta l s u l f i d e s as 

p o t e n t i a l c a t a l y s t s wa r r an t s f u r t h e r d i s c u s s i o n s i n c e t h i s i s a 

system which i n c l u d e s bo th s u l f u r and n i t r o g e n o x i d e s . Sulf ided 

i r o n ox ide , s u l f i d e d c o b a l t molybdate, molybdenum s u l f i d e , and 

molybdenum s u l f i d e a c t i v a t e d with potass ium c a r b o n a t e were t e s t e d . 

A stream of 2000 ppm NO in N., was passed over a f ixed-bed of c a t a l y s t s . 

Table i - 6 . DECOMPOSITION OF NO BY SULFIDE CATALYSTS. (Riesz, 1957). 

Ca ta lys t Residence Time Temperature NO Removal 
(second) (°C) {%) 

Iron Su l f i de 0.052 500 17 
0.041 700 24 

Cobalt-Molybdenum 0.032 500 17 
Su l f ide 0.030 700 4 

Molybdenum S u l f i d e 0.032 500 17 
0.030 700 4 

Molybdenum S u l f i d e + 0.029 500 28 
IS* VL,CO_ 0.030 700 17 
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Although NO removal i s re la t ively high, Riesz found that the 

catalyst lost activity after extended use. Concurrent with the de

creased act ivi ty was a loss of sulfur from the surface in the form 

of S0_. Riesz, as well as la ter investigators, eliminated sulfides 

as potential catalysts because of what they thought would be an 

unavoidable SO- pollution problem. As noted in Section C-l- c-» the 

presence of a reducing agent, CO or H_, would prevent evolution of 

SO. from FeS. 

i i i . Hetergeneous catalytic reduction, 

(a.) I n i t i a l catalytic screening. 

The most effective means for NO removal from gas streams i s 

heterogeneous catalytic reduction. Shelef (1971) has reviewed a l l 

of the early studies on these reactions. He concludes that , under 

reducing conditions, a variety of catalysts as well as a variety of 

reducing agents can be employed to remove NO from gas streams at low 

gas residence times and re la t ively low temperatures. Evaluation 

of these data showed that supported precious metals and supported 

copper oxide or copper chromite were the catalysts with the most 

promise. Typical reducing agents were CO, H- or a hydrocarbon. 

Shelef (1971) emphasized that in addition to the reaction rates 

between NO and a reducing agent, the competetive reactions between 

other oxidizing species and the reducing agent are important. 

Shelef (1968) reported on the competetive oxidation of CO by NO or 

0_ over various c t a l y s t s . He found that the C0-0_ reaction pro

ceeded more rapidly over the ear l ie r selected Cu_0 and CuCr̂ O 



catalysts than did the CO-NO reaction. The reverse was found true 

for Fe,0_ and Cr_0, catalysts. In M s study, Fe-0, catalyst showed 

the highest rate for the CO-NO reaction, and it was therefore viewed 

as a potential catalyst. 

This preference for the CO-NO reaction terminated when 0_ was 

added to the Cr-O syftem. Only when the gas stream was slightly 

reducing relative to both NO and 0^ reduction was there complete 

removal of both NO and 0-. It was assumed that the Fe^O- system would 

act similarly. In laboratory tests Jones (1971) demonstrated that 

neither supported CuCr_0d nor Fe_0_ catalysts were effective in 

promoting the ND-H, reaction in preference to the 02~^2 reaction. 

Some improvement in reaction selectivity was found with supported 

Pt-Pd below 205°C. These metals are too expensive and the tempera

tures too low for practical considerations on power plant flue gases. 

From this initial screening, the best NO reduction catalysts for 

application on power plants would be copper oxides, copper chromite, 

or iron oxide, all of which should be supported. 

(b.) Reduction products and reducing agents. 

Kokes [1966) showed that the reduction of NO by H on a Pt 

catalyst led to N 20, NH„ or N-. Shelef (1968] reported the appear

ance of both N_ and N_0 when NO was reduced by CO over Pt and copper 

chroraite catalysts. Jones (1971) and Klimisch (1972) reported on 

the formation if both N_ and NH„ when NO is reduced by CO in the 

presence of H 90 over both noble and base mecal catalysts. 

Shelef (1968) reported that N_0 is primarily a low-temperature 
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produc t over a c t i v e F e ^ , C u C r ^ , and Cu 2 0 supported c a t a l y s t s . 

The t empe ra tu r e for maximum NO format ion fo r t h e NO-CO r e a c t i o n 

r anges between 180°C - 220°C when t h e r e s i d e n c e time i s about 0.75 

s e c . Above 300°C t h e r e was e s s e n t i a l l y no N-,0. Decreasing t h e 

r e s i d e n c e t ime t o about 0.07 seconds a t 273°C increased N_0 format ion 

over suppor ted Fe_0, c a t a l y s t . T h i s sugges ted t h a t N_0 i s a p o s s i b l e 

gas -phase i n t e rmed ia t e for t h e NO-CO r e a c t i o n . 

An e x t e n s i v e study of NH, fo rmat ion in t h 

base me ta l ox ide c a t a l y s t s was r e p o r t e d by Shelef (1972). He a l s o 

s t u d i e d t h e e f f e c t of CO i n t h e NO-H- system. NH,, NO and N- were 

assumed t o be t h e r educ t ion p r o d u c t s i n t h e sytem with about a 0 .18 

second r e s i d e n c e t ime . The r e l a t i v e amounts of NH, and N_ produced 

v a r i e d w i t h t h e c a t a l y s t , t e m p e r a t u r e , t h e reducing a g e n t , and t h e 

amount o f oxygen. Table i - 7 shows t h e e f f e c t of d i f f e r e n t c a t a l y s t s 

and t e m p e r a t u r e s on t h e p e r c e n t r educed n i t r o g e n product which i s 

NH, [ t h i s i s r e f e r r e d t o a s t h e ammonia s e l e c t i v i t y ) . 

Table i - 7 AMMONIA SELECTIVITY AS A FUNCTION OF THE CATALYST AND 
TEMPERATURE. (Shelef, 1972) 

Inlet: HO, 
H 2, 

0, 
1. 
.10 
.4% 

- 0.12% 

0 , 0. .18 sec. 
Catalyst 370°C £'8°C 

Nickel Oxide 20% 20% 
Copper Oxide 88% 80% 
Iron Oxide 16% 80% 
Copper Chromite 95% 90% 



Although nickel oxide has the lowest NH_ selectivity at 

both extremes, at an intermediate temperature of 420°C the NH_ 

selectivity is 65V The low selectivity at the higher temperature 

is caused by NH, catalytically being decomposed by NiO (Klimisch, 1973). 

All of these catalysts will decompose NH, to the elements but at 

higher temperatures (greater than 600°C) than the nickel. Shelef 

(1972) found that in all cases the addition of CO to the NO-H, system 

decreased both the NO removal and the NH„ selectivity at a given 

were present, CO reacted preferentially with 0, while H_ reacted to 

system. He demonstrated that the presence of both CO and fUO in 

the system allowed the water-gas shift reaction to proceed, produc

ing a more reactive H than molecular H. for NO reduction and NH, 

formation. The effect of 0 ? on both NO removal and NH, selectivity 

was also confirmed. 

Over base metal oxide catalysts the two main reduction products 

will be NH, and N,. At very low residence times, when neither H_0 

nor H- is present, N.O may also be generated. The amounts of NH_ 

and N 9 produced will vary depending upon the reducing agent, the 

temperature, the catalyst, and the amount of 0_ in the gas stream, 

(c.) Reduction kinetics. 

Shelef(1972) has presented data comparing the kinetics of NO 
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reduction catalysts. Table i-8 compares the three potential catalysts 

plus nickel oxide on the basis of the temperature at which 90% NO 

conversion occurs. 

Table i-8. TEMPERATURE OF 90% NO CONVERSION IN NQ-H..-CO SYSTEMS., 
^ CShelef, 1972) 

Inlet: NO, 0.10 - 0.12% 
H 1.4% 
CO, 1.4% 
6 , 0.38 sec. 

Catalyst NO-H, 

Copper Chrondte 27S 

Copper Oxide 280 

Nickel Oxide 425 

Iron Oxide 480 

In this study the copper catalysts showed the fastest kinetics 

and the iron the slowest. In all cases the combined H,-C0 system 

either accelerated the kinetic rate or kept it at a high value. All 

of the temperatures listed are below the upper process limit of 540°C, 

which is the temperature at which the flue gas leaves the superheater 

section. The 0.18-second residence time of the gas in the catalyst 

bed is less than the available O.SO-second residence time between the 

economizer and air preheater in a power plant. These facts imply 

that catalysts exist which have potential for at least 90% NO removal 

in flue gas streams. 

Since no detailed discussion of the catalyst treatment or oxida

tion state was given it is not possible to select a catayst simply. 

At best it can be said that copper, nickel, and iron oxide catalysts 

N0-H,-C0 NO-CO 

275 320 
270 350 
420 470 
430 510 



have p o t e n t i a l for s u f f i c i e n t l y r a p i d k i n e t i c s for power p l a n t a p p l i c a 

t i o n . S t u d i e s under Flue gas c o n d i t i o n s a r e needed t o confirm each 

c a t a l y s t s r e a c t i v i t y . 

3 . Simultaneous SO and NO dry p r o c e s s con t ro l t echno logy . 

Jo rdan (1935) r epor t ed t h a t a t 105°C iron oxide removed both 

BUS and NO from commercial gas s t r e a m s . Iron s u l f i d e formed and NO 

was adsorbed on the s o l i d . The s imul taneous removal dec l ined r a p i d l y 

a s t h e s o l i d became loaded w i t h NO, t h e atmosphere became o x i d i z i n g , 

o r t h e t empera tu re was r a i s e d . 

P i e r c e (1929) r epo r t ed t h a t t h e r e a c t i o n of H,S and NO p r o 

ceeded a t 27" t o 100°C over s i l i c a ge l and g l a s s wool t o g i v e S , N , , 

and H_0 Pr ince ton Chemical Research (1968) has s t ud i ed a p r o c e s s 

u s i n g t h i s r e a c t i o n for s imul t aneous S0_ and NO removal- They p r o 

pose t o r e c y c l e a s t ream o f ILS t o an alumina o r molecular s i e v e 

c a t a l y s t where i t r e a c t s wi th t h e SO, and NO by t h e fo l lowing r e a c t i o n s : 

SO, * Zl^S » 3S • 2H,0 i - 3 

NO *• H2S * S + Hti_ * H 7 0 i -4 

The s u l f u r condenses on t h e c a t a l y s t and must be s t r i p p e d o f f a t high 

t e m p e r a t u r e . Prel iminary t e s t s confirm accep tab le s u l f u r removal 

but t h e c a t a l y s t was poisoned when NO was p r e s e n t . In a d d i t i o n t o 

t h e po i son ing problem t h e l a r g e H,S r e c y c l e stream causes added 

p r o b l e o s of c o n t r o l . 

Bartok (1969) has proposed a dry process t h a t s e q u e n t i a l l y removes 

SO and NO^. The SO in d u s t - f r e e f l u e gas i s f i r s t ox id ized t o S 0 3 

over a c a t a l y s t such as V 7 0 . a t 455°C. NH, i s in jec ted forming 



(NH«) 7 S 0 d which precipitates from the gas at 400°C. A second injec

tion of NH_ is made prior to the flue gas passing over a Pt catalyst 

at 200°C. The NH, reduces the NO, forming N 2 and H-0. Two catalyst 

systems are required in this process, the second being an expensive 

catalyst easily poisoned by sulfur. 

Ryason (1967) reported the simultaneous removal of SO- and NO 

over a copper oxide catalyst when the net gas stream was reducing. 

The SO- was reduced to sulfur, which condensed in the reactor outlet 

and NO was assumed to be reduced to N 7. The catalyst appeared to 

be copper sulfide at the end of the run. Traces of COS were also 

measured. Additional work on a process utilizing this concept is 

reported by University of Massachusetts workers, Querido [1973), Okay 

(1973), and Quinlan (1973). Three catalyst beds in series are used 

to reduce SO- to sulfur and NO to N_ with an excess of CO in the flue 

gas stream. The original catalyst charged to each bed is copper oxide 

on supported alumina. The first bed catalyzes the oxidation of CO 

with 0- to remove all of the 0- which could poison the remaining 

catalyst beds. The flue gas is split into two streams after the first 

bed. The main flow enters the second bed where SO- is reduced to S_ 

and COS and NO to N_. The secondary flow bypasses the second bed and 

goes directly to the t 

to produce S~ and CQ^. 

The reactions for 

with residence times of 0.07 - 0.22 seconds. They reported greater 

than 90% removal of S0 2 in less than 0.20 seconds. The addition of 

NO to the system decreased the SO- removal slightly. NO removals 
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were always greater than 90%. The assumed reduction product for NO 

in these experiments was N_. The simultaneous reduction was studied 

between 400 - 430°C with residence times around 0.20 seconds. Okay 

(1973) reported that H 20 had an adverse effect on the SO- reduction 

in the C0-S0- system but that the water-gas shift reaction did not 

proceed. Based on this fact, Quinlan (1973) assumed that in the 

simultaneous removal of NO and SO no H-containing species such as 

H_S or NH_ would form. In Chapter IV, Section G.I., experimental 

work is reported in which it was found that both H_S and NH_ are 

formed when NO and S0~ are reduced with CO in the presence of H_0 

over copper catalyst. The H ?S would probably react like COS with 

the bypassed SO- to form sulfur. The NH_, like the product N„, would 

elute. 

Even if the basic process chemistry is feasible, the university 

of Massachusetts process has several practical drawbacks. First, three 

beds in series will create a large system pressure drop. Second, the 

bypass stream must be very accurately controlled to provide stoichio-

NO remove it. Fourth, the flue gas would have to be cooled and then 

reheated after the bed to insure complete precipitation of the sulfur. 

In summary no acceptable dry process for simultaneously removing 

sulfur compounds and NO has previously been developed. 

4. CO and H^ removal by catalyst/absorbent oxidation. 

The removal of SO- and NO by the proposed process requires the 



presence of a reducing agent, either CO or H 7- By necessity, an 

excess of CO and H_ needs to be maintained to insure complete reaction 

with S0 7 and NO. If this excess CO and 11, were emitted, it would 

constitute a pollution problem. Both CO and H. can be removed by 

contacting the gas stream with an excess of Fe70 . 

Feinman (1961, 1964) reported on the reduction of Fe_0_ with 

H-, at temperatures between 540°C and 700°C. The iron was reportedly 

reduced to both Fe,0. and FeO. 0_ and H.,0 were found to retard the 

rate. A more highly reduced iron was produced at the lower temperature. 

Fast (1965) discusses the reduction of iron oxide with CO or 

H_ between 560 and 1000°C. This discussion is mainly about equili

brium considerations. Otto (1970) uses the work of Fast as a basis 

for selecting a CO/CO,, ratio to give a reduced iron oxide for his 

adsorption studies. 

Baranski (1972) studied the reduction kinetics of an iron catalyst 

with R, in the temperature range of 450° - 550°C. As in the case of 

the other investigators cited, the major concern was the solid reduc

tion instead of CO or R, oxidation. All of these investigators have 

reported reaction at typical process temperatures but have used much 

higher CO or H, concentrations than would be present in stack gas. 

Experiments at low concentration will be important in the experimental 

study which follows. 

5* Regeneration of catalyst/absorbent. 

The oxidation of metal sulfides at high temperatures (700 - 900°C) 

to give metal oxides and SO^ has long been a standard process for re

moval of sulfur fron metal ores. Stollery (1964) reports on the 
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exothermic oxidation of iron, copper, and zinc ores in fluidized-

bed roasters. Less than 0.1% sulfide remained after oxidation in a 

fluid *- 'd with only 2% 0- in the exit stream. This represented 

approximately 99.7^ oxidation of the sulfides. 

With a regeneration process which produces a rich stream of 

S0_, a second process step is needed to obtain a saleable sulfur 

product. This could be either a sulfur plant or a sulfuric acid 

plant. It would be preferable for sulfur to be directly produced 

in the regeneration step. Guha (1972) reports on a high temperature 

decomposition (500 - 830°C) of FeS, to give 5, and FeS. Since it is 

necessary to regenerate not only FeS-, but also FeS, this technique 

is not applicable. A more realistic approach to producing sulfur 

directly is the use of low temperatures. Beavon (1968) reports that 

when a regeneration gas of SO^ and/or 0 9 at 200° to 400°C was passed 

over iron sulfide, sulfur was produced. The heated regeneration gas 

vaporizes the sulfur and removes it from the solid. The 0 ? content 

is reportedly between 1* and 3*. No level of S0 9 was given. It is 

not clear from the patent application whether confirming experiments 

have actually been run. Thermodynamic considerations (presented in 

Chapter IV, eqns.iv - 42, 43, 44) sh^w that at 227°C only the reac

tions of FeS with S0 ? to produce solid rulfur and Fe.,0, and that 

of FeS with 0^ to produce gaseous sulfur and Fe,0_ are favored. The 

reactions of S0 7 with FeS to give gaseous sulfur and Fe_0_ is thermo-

dynanically unfavorable at these conditions. In order for a low 

temperature reaction to proceed, producing "aseous sulfur, only 0, 

can be used as the oxidizing agent. 
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D. Conceptual Design of the Proposed Process. 

The l i terature review presented in the previous section shows 

that a feasible process for simultaneous SO., and NO removal i s to 

absorb 50^ as a metal sulfide and catalytical ly reduce NO over the 

supported metal oxide/metal sulfide to nitrogen or ammonia. The 

requirements that the solid must be reactive toward both SO, and 

NO, regenerable at a relat ively low temperature, have a high surface 

area per unit weight, have a re la t ive ly low rate of a t t r i t i o n , and 

be reasonably priced were not met by any naturally occurring solid. 

From the evaluation in section C the solids which had the potential 

to meet a l l the c r i te r ia established in section B were the oxides 

of iron, copper, and nickel deposited on a matrix of high surface 

area alumina or alumina and s i l i c a . This section outlines a process 

meeting these c r i te r ia . Iron oxide on alumina i s used as the solid 

to demonstrate the reactions which occur. Following a discussion 

of the experimental resul ts in Chapter IV, a more precise design 

discussion is presented in Chapter V. 

A simplified diagram of the proposed process is given in Figure 

i - 1 . The boiler furnace is to be operated at maximum efficiency, 

feximum efficiency is achieved with the minimum net oxidising atmosphere 

to completely oxidise the csrbon to CO.,, hydrogen to H-,0 and sulfur 

to SO,. The minimum required excess a i r over the stoichiometric 

amount will be a function of the burner design and the type of fuel 

used. This process is especially applicable to pulverized coal or 

oi l fueled units with front-fired or tangentially-fired furnaces. 
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At a point in the upper part of the furnace, most probably the upper 

row of burners, a stream of CO and H 7 is added to produce a slightly 

fuel-rich flu^ gas at the Furnace exit. This does not preclude 

the presence of 0 ? but requires that there be enough CO and H_ pre

sent JO that at equilibrium all NO would be converted to N_, all 

0- to CO and all S0 7 to sulfide. The stream of CO and H 7 could 

be generated in a moving-grate, coal-fueled stoker unit which was 

operated with a limited air supply. The main furnace must then burn 

two Fuels, coal and CO + H ?. No furnace modifications are needed. 

When the flue gas exits from the superheater section of the 

boiler, at A80-590aC, it will be contacted with a dispersed phase 

of catalyst/absorbent particles. The dispersed-phase method of 

contacting is preferred because it minimised the system pressure 

drop. The particles will consist of iron oxide deposited on an 

alumina matrix. 

The overall reactions ?rc given in Table i-9. Nitric oxide 

is reduced with CO, H, or the CO + H_0 combination to N^ or NH_. 

The sulfur compounds will be absorbed as the iron sulfide or sulfate. 

The major sulfur compound, SO , will react with the iron oxide to

gether with a reducing agent to form ferrous sulfide. Any reduced 

sulfur species H_S or COS will react directly with reduced iron 

oxide to form ferrous sulfide. Iron sulfate will result if some 

0_ is present in the flue gas at the point of catalyst/absorbent 

addition. 

The original amount of CO and H-, added to the system will be 



above that required to reduce SO-, NO, and 0_. 

Table i-9 OVERALL PROCESS REACTIONS. 

ABSORPTION/REDUCTION STEP 
2 HO * 2 CO > N, • 2 C0 2 

2 NO « • 2 Hj > N 2 + 2 H 20 
2 NO * • 3 H 70 + 5 CO > 2 NH, , , S f f l 2 
FeO • SO, + 3 CO J FeS + 3 co2 

FeO * S0 2 + 3 H, > FeS • 3 H20 
FeO + HjS * FeS -t H 20 
FeS + 2 0, > FeSO. 

2 4 Fe 20 s + CO > 2 FeO + CO 
Fe,0 3 + ^ > 2 FeO + H 20 

REGENERATION STEP 
2 FeS + 7/Z 0, i Fe 20 3 + 2 so2 

2 FeO ' " ^ F e2°3 

The excess CO and H_ are removed by maintaining an excess of ferric 
oxide in the catalyst/absorbent feed. 

After the contact zone the catalyst/absorbent is separated from 
the flue gas with cyclones. The major part of these collected solids 
are returned to the contact zone. A slip-stream diverts a portion 
of the catalyst/absorbent to the regenerator. Air is added in the 
regenerator to reoxidize the iron to ferric oxide and to produce a 

°2 
elemental sulfur. 
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Chapter I I 

Experimental Program 

A. Sum-nary of Phases Planned. 

The exper imenta l program was des igned to answer two b a s i c 

q u e s t i o n s : 1.) Do the proposed p r o c e s s r e a c t i o n s remove s u l f u r 

compounds and n i t r i c oxide when bo th a r e p r e sen t s imul taneous ly? 

2 . ) Are t h e process r a t e s r a p i d enough t o e f f e c t e f f i c i e n t 

removal of t he se compounds under t y p i c a l f l ue gas cond i t ions? 

1 . P r o c e s s chemis t ry . 

a . O v e r a l l p rocess conf i rma t ion . 

The f i r s t group of exper iments was o u t l i n e d to provide an 

I n i t i a l check on the p rocess f e a s i b i l i t y . The r educ t ion of NO over 

reduced i r o n oxide and i r o n s u l f i d e w i t h CO was s t u d i e d . S imu l t an 

eous removal of NO, H S and CO was t e s t e d wi th Fe_0_. Oxida t ion 

of e x c e s s CO and H_ by r e a c t i o n w i t h F e „ 0 _ was t e s t e d . High--

t empera tu re c a t a i y s t r egene ra t i on i n a s t ream of low 0_ c o n c e n t r a 

t i o n was s t u d i e d . 

b . D e t a i l e d removal s t u d i e s . 

The second group of experiments studied in detail the removal 

reactions for sulfur compounds (H^S, COS, SO ), oxidizing compounds 

(NO and 0_), reducing compounds (CO and H ), and water. Since a 

multitude of reactions is possible when all of these gases are 

present, the reaction of each with the catalyst/absorbent was first 

studied separately. The more complex system of multiple gases was 

reached by progressively adding these gases to the system. Since 
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H_S and SO„ reacted to produce sulfur in the system feed lines, 

these two gases were never simultaneously present in the inlet 

gas. Oxygen was the last gas added to the mixture since the 

literature (see Chapter 1) had reported potential catalyst de

activation with 0.. 

The number of gases present in the inlet not only varied from 

run to run, but also varied within runs. The runs are numbered 

la, lb, 2a, etc., indicating the actual sequence of reactant addi

tion. Appendix A - 1 is a summary of all experimental 

runs in chronological order. In Chapter XV the runs are grouped and 

discussed according to reaction chemistry, since the same reaction 

may have been studied in several runs. The order in which the re

actions were studied was based on their rated importance at that 

stage of the experimental work. This rating was not only a func

tion of the initial experimental plan, but also of the results 

obtained in previous runs, literature reviews, and/or calculations 

made to that date. The reader will note that the experimental re

sults are presented in Chapter IV in a logical order rather than 

strictly in chronological order. 

c. Detailed regeneration studies. 

The regeneration studies concentrated on determining the sulfur 

product from the regeneration and on producing an active catalyst/ 

absorbent. The two potential products are sulfur and sulfur dioxide. 

As discussed in Chapter I t sulfur is reported to form more readily 

at low temperature and low oxygen concentration. Sulfur dioxide 

forms during high temperature regeneration. 
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The regeneration experiments typically were the last step in 

a run sequence. Following removal reactions, the catalyst/absorbent 

bed was purged with the system diluent and then cooled or heated to 

the selected regeneration temperature. Streams having low 0« con

centrations and air were used for these tests. In some of the low-

temperature runs, water was added to see if it could catalyze the 

formation of sulfur. 

2. Process kinetic studies. 

a. Temperature, residence time, particle size considerations. 

The most likely region in the flue gas path for contacting the 

flue gas with the catalyst /absorbent is between the inlet of the 

economizer (about 540°C) and the inlet of the air preheater (about 

370°C). The residence time of the flue gas in the region between 

the economizer and air preheater is about 0.5 seconds. 

All of the initial studies of process chemistry were conducted 

in a fixed bed at about 370°C with a gas residence time in the bed 

of around 0.50 seconds. The particle size chosen for these studies 

was the standard 3.2-Ea x 3.2-ram pellets of Fe-301-T 1/8 Harshaw 

Catalyst. 

After these studies the results suggested that the experimental 

conditions should be altered. First, in these experiments sone 

catalyst deactivation was found. This deactivation was predicted 

to '. ̂  less of a problem at higher temperatures. Second, the sulfur 

breakthrough curves for the simultaneous removal runs suggested 

that the actual reaction tities were tauch less than the gas residence 
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time In the bed. Third, visual observation of cross-sections of 

the catalyst/absorbent from the lower temperature runs suggested 

that there were important diffusion limitations within the 3.2-mm 

pellets. 

These three experimental observations suggested the desirability 

of runs at higher temperatures with shorter gas residence times and 

with smaller particles. Consequently, the last part of the simul

taneous removal studies was conducted at 540°C with residence times 

between 0.02 and 0.04 seconds, and with particles-sizes between 0.50-

WT> and 0.25~inm. 

No attempt was made to construct an accurate experimental 

prototype of the contactor envisioned for an actual plant installa

tion. As described in Chapter I, the actual system would be a 

dispersed-pnase or fluidized-bed type of unit. The experimental 

approach was to study the process initially in a fixed bed. These 

experimental data would then be used to predict the expected be

havior in the commercial unit. The major differences between the 

fixed and dlspersed-bed systems are related to the bed densities 

and mass transfer effects. Known correlations, detailed in Chapter 

V, were used for this purpose. The experimental residence times, 

gas concentrations, and particle sizes were chosen so that reasonable 

extrapolations could be made to an actual flue gas contactor to 

predict the process feasibility. 

b. Catalyst/absorbent deactivation. 

The other major influence on the process kinetics was the 

deactivation of the catalyst/absorbent. Studies of rhis effect 
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were not planned initially but evolved because this phenomenon 

occurred in both the lower and the upper temperature ranges. Since 

the addition of 0„ to the gas mixture first caused the deactivation, 

the 0„ level and the ratio of oxidizing gas to reducing gas were 

chosen as the two main variables in this study. An upper gas 

concentration of 1% 0- was chosen as as estimate of the potential 

0_ in a net reducing flue gas due to incomplete mixing (Johnson, 

1972). 

B. Experimental Equipment. 

1. Overall system. 

All of the experimental apparatus was housed in a 3.2-m x 

2.1-m x 1.2-ra walk-in hood. Hood ventilation was provided with two 

exhaust fans. An overall sketch of the experimental apparatus is 

shown in Figure ii-1. This is a straight flow-through system 

with gas samples taken at the inlet and outlet of the Burrel Tube 

Furnace which houses the reactor. The discussion of the Gas Chro

matographic System and sampling techniques is given in Chapter III. 

2. Reactors/Furnace. 

a. Fixed-bed reactors. 

Fixed-bed, flow-through reactors were used in this study. The 

f i r s t was a 32-mm I.D. 304 stainless s t ee l (SS) reactor. I t i s 

shown in Figure i i - 2. Other workers had reported that 304 and 

316 SS were active catalysts for NO reduction reactions in the ab

sence of sulfur compounds (Kearby, 1971, and Lamb, 1972). Neither 



44 

SAMPLE 
CAPILLARY 
FLOW 
RESTRICTOR 

SAMPLE 
L O O P - - C I 

MAIN 
CAPILLARY 
FLOW 
RESTRICTOi 1 

CONDENSER 
LOCATION 

a s / V J 
PGftWSXR 

6.4mm x 3 0 5 cm 
55*C 

UOLECUUU) SIEVE 
Sfl 

6.4mm x 305cm 
EO°C 

FLOW 
UZTCR 

WATER 
BUBBLER 

J 
BURRELL 

TUBE 
FUKIIACE 

=jA 

XBL746-3390 

Fig. i i - 1 . Experimental system. 



MULLITE TUBE 

THERMOWI ELLsJ/E 

MATERIAL: 304 STAINLESS STEEL - REACTOR 
316 STAINLESS STEEL - SCREENS 

- THERMOWELLS 

X8L746-339I 

Fig. i i -2. Experimental reactor—32mm. 



46 

steel was found significantly reactive in this study. Two other 

reactors used are shown in Figure 11 -3. The 6.4-mm and 9.5-mm 

reactors were used in the later part of the experimental study to 

achieve shorter residence tines. 

The reactions in this study include both gas-metal absorption 

and gas-metal catalysis. In order to provide a sufficiently high 

bed capacity for absorption of the sulfur compounds the length of 

the fixed-bed corresponded to an integral flow reactor for the 

catalytic reactions. Even in the smaller bed with residence times 

around 0.02 seconds, the sulfur breakthrough times were greater 

than 30 minutes. The major disadvantage to working in a fixed-

bed reactor is that the removal results must be corrected for both 

bed-density and mass-transfer effects before they can be directly 

applied to an actual flue-gas contactor. The influence of both of 

these effects on the process design can be estimated. This influence 

is discussed along with the process-design considerations in 

Chapter V. As mentioned earlier, a more closely analogous reactor 

would have been a fluidized bed. Since correlations exist which 

permit extrapolation of data from fixed to dispersed systems, the 

fixed bed was selected primarily for its simplicity. 

b. Reactor furnace. 

The reactors were hcosed in a Burrell Tube Furnace, Model 

BT-1-9. A 44.4-mm I.D. Mullite tube surrounded the reactor. 

The 32-inm I.D. reactor rested on the walls of the tube. (See 

Figure ii - 2). The other two reactors were not in contact with 

the tube walls. The maximum temperature limit of the furnace was 
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1450*C. A West Instrument Corporation set-point controller. Model J, 

was used to maintain the desired temperature level. A platinum/ 

platinum - 13Z rhodium thermocouple located in the furnace chamber 

exterior to the Mullite tube was the sensing element for the con

troller. 

c. Fixed-bed temperature measurement. 

A more accurate measure of the catalyst/absorbent temperature 

was obtained from the Chromel/Alumel thermocouples placed In 316 SS 

thermowells which extended into the inlet and outlet of the 3 2-mm 

reactor. Only an inlet thermocouple was used in the smaller reactors. 

When inert gas was passing through the bed, the inlet temperature 

was approximately 3°C degrees less than the outlet at an absolute 

level around 370°C. Figure ii - 4 shows a trace of the furnace 

and outlet reactor temperatures as a function of time as the reactor 

heats up to 370°C. The inlet and outlet reactor thermocouples were 

monitored with the Leeds and Northrup Recorder used to trace the 

gas chromatograph (G.C.) peaks. The furnace temperature was initially 

monitored with a modified Varian Aerograph G-10 Recorder, In the 

latter part of the experimental program this temperature was also 

monitored with the Leeds and Northrup Recorder. The switching diagram 

for this circuitry is shown in Figure iii - 6-

3. Heat-traced flow lines. 

a. Reactor exit line. 

After Run 15 the 6.4-mm exit tube was wrapped with fiber glass 

sheathing and heat-traced over the last 22.0-ma to prevent sulfur 
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precipitat ion. This section was inside the Mullite tube. The 

Nichrome wire-fiber glass heat tape was powered with a Powers ta t 

Variac, maximum rating 120 vo l t s , 7.5 amps. A setting of 55 vol ts 

was used. This setting gave a temperature of 160°C at the exi t 

end of the 6.4-mm tube. The tape burned out following Run 27. A 

second heat tape was used for the remainder of the experiments. A 

set t ing of 15 volts was used. This gave a temperature of 195°C at 

the exi t end of the 6.4-mm tube with the new tape. These temperatures 

prevented major sulfur precipitat ion in the exit reactor l ine . Since 

the equilibrium part ial pressure of sulfur at 150°C in an iner t 

gas a t 1 atmosphere i s 230 ppm (Tuller, 1954), only a sulfur con

centration greater than this would have produced precipitate in 

the exi t reactor l ine . 

b . Outlet and inlet l ines . 

The exit lines from the condenser to the bubbler and gas 

chromatographs were heat-traced with fiber glass tape and Nichrome 

wire after Run 26. Heating pads of fiber glass and Nichrome wire 

were also placed over the gas sample valve and switch valve located 

in the gas chromatographs. The l ine temperature was around 40°C. 

The valve temperatures were around 35°C. These temperature levels 

prevented condensation of water in the exit lines but allowed some 

condensation of ammonium sa l t s and sulfur which were not condensed 

in the air-cooled condens_r between the reactor exit l ine and the 

outlet system line. The Nichrome wire was powered with a Variac, 

matri™»m rating 110 volts , 5.0 ampls The typical setting to give 

the above temperture was 90 vo l t s , 
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The reactor inlet lines, including the gas manifold, were heat-

traced in a similar manner after Run 32. The heat tracing was re

quired to prevent slight H_0 condensation in the inlet line noted 

during earlier runs. This line was powered with a G.R.C. Variac, 

inaTrtTrnTTn setting 110 volts, 5.0 amps. A setting of 110 volts gave 

line temperatures of 35°C. 

4. Constant-temperature water bath. 

A constant-tev'erature water bath was made with an insulated 

300-ml round bottom, 3-neck flask. The He diluent passed through 

the bubbler and then into the gas manifold where other gases were 

added. A contact thermometer and relay controller were used to 

control the water bath temperature. The Glas-Col heater was powered 

with a Powerstat Variac, maximum rating 110 volts, 3.0 amps. Typically 

a setting around 10 volts was used. Water bath temperatures were 

around 22 - 24°C. Since the water level was only 70-nm above the 

fritted glass bubbler, the He was only about 60 - 70Z saturated with 

water. 

5. Gas-feed system. 

Each gas was metered from a gas cylinder through a needle valve 

and a glass capillary tube and then into the gas manifold mixer. Table 

ii - 1 lists the source and purity of each gas used. Except for the 

He, all of the cylinders used a 20 psig feed pressure. Pressure taps 

leading from the inlet and outlet of the capillary were connected to 

D - tube manometers. From Runs 1 through 16 water was used in the 

manometers. After Run 16, Silicone Oil (Dow Corning 704 Fluid) was 
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used. The capi l la r ies were calibrated with ei ther the specific gas 

or N at atmospheric pressure and ambient temperature with a soap-

bubbler meter. N_ was used to calibrate the capi l lar ies used for 

S0_, H-S, NH_, and NO since a l l were found reactive with the soap 

solution. The measured pressure drops were corrected for differences 

in viscosity between the gases. Since the gases were never fed in 

a l l togetner, some flowmeters were calibrated for more than one gas. 

For a l l the gases except H_ and CO, the l ines from the gas cylinder 

to the gas manifold was 316 S.S. Copper was used for H_ and CO. 

Stainless s tee l needle valves (HUPEO "S" Series Fine Metering Valves) 

with in le t f i l t e r s (NUPRO "F" Series Inline F i l te rs ) were used with 

the capillary flowmeters. The system diluent, He or N_, was metered 

in with a glass-ball rotometer {Hanostat Corp. No. 36-541-12). The 

control on the water feed rate was the water bath temperature. The 

pressure tap l ines from the manometers to the capil lar ies were 

Tygon tubing. Catch pots were bui l t in the l ines to prevent 

manometer fluid from contaminating other equipment If a system upset 

occurred. The gas manifold was a 25-mn £. 25—mm X 127-mm block of 

316 stainless s t ee l . Hoke valves, attached direct ly to the manifold, 

were connected with each flowmeter l ine . The system diluent entered 

through the 6.4-mm center bore. All of the tubing in the remainder 

of the system was 316 S.S. except a short Tygon section connecting 

the outlet condenser with the outlet system l ine , The main gas stream 

tubing 6.4-mm I.D. The sample lines were 3.2-nm I.D. and the tubing 

around the switch and gas sample valves in the G.C. system was 1.6-mm 

I.D. 
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Table 1 1 - 1 . 

PURIT 

Gas-Cylinder Spec 

GAS 

1 1 - 1 . 

PURIT Y E, SPECIFICATIONS 

He 99.992 Mln. 

N 2 99.992 Hln. 

NO 99.0 1 Min. 

N 2 0 98.0 % Mln. 

NO. 99.5 % Min. 

98.372 NH-, 1.002 H,, 

SOURCE 

Univ. of Calif., Berk., gas. 

Univ. of Calif., Berk., gas. 

Liquid Carbonics Co. 

Matheson Gas Co. 

Raker Chemical Co. 

Matheson Gas Co. 

so2 
99.98% Kin. Hatheson Gas Co. 

H 2S 99.6 i Mln. Hatheson Gas Co. 

COS 99.4 % Mln. K & K Laboratories, Inc . 

co2 99.5 Z Min. Hatheson Gas Co. 

CO 99.5 Z Hln. Hatheson Gas Co. 

H 2 99.9 Z Hin. Hathesan Gas Co. 

»•> 
99.992 Hin. Univ. of C a l i f . , Berk. , gas 

6. Condensers. 

a. Removal/regeneration condenser. 

A 9.5-ma X 98-cn section 316 S.S. tubing was connected to the 

6.4-EU3 reactor outlet line. Air was blown over this section during 

the runs. The ammonium salts precipitated primarily in this unit. 

Also trace amounts of sulfur and water precipitated from the gas 

strean if they were high in concentration. This unit was installed 

after Run 15. Prior to this run a section of Tygan tuning served 

the same function. 
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b. Water-collection condenser. 

At the start of each run after Run 13, the catalyst was dried 

for 3 hours. The desorbed water was collected in a U - tube .emerged 

in a dry ice-acetone bath. The U - tube was Pyrex glass. It was 

connected to the reactor outlet line and system outlet line with 

Tygon tubing. Typically, the glass tube was removed and weighed 

three times during the drying period to determine the initial 

catalyst water content. 

7. Out let-line apparatus. 

a. Capillary flow restriction. 

In order to divert a sample flow from the inlet and outlet gas 

l ines , capillary restr lctors were placed in the main flow stream and 

the sample loop bypass stream. The position of each i s shown In 

Figure i i - 1. This produced a system pressure drop of 25-mm Hg 

for the 32-ram reactor and 100-mm Hg for the smaller reactors. This 

provided a s p l i t of 2.3/100 for the i n l e t sample flow/total Inlet 

flow and of 1.8/100 for the outlet sample flow/total outlet flow. 

b. Gas scrubber. 

After exiting the flow restr ic t ion capillary the gases then 

passed to a 250-ml catch pot and then into a 250-ml frit ted-glass 

bubbler. The bubbler was used to remove wither NH- or liCl. This 

apparatus i s discussed in more detai l in Chapter I I I . 
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CHAPTER III 

Analytical Systems 

A. Gas Analysis. 

A large number of reactive gases were present simultaneously 

in samples which had to he analyzed in this experimental study. The 

presence of the following gases was possible: H_, H_0, N ?, NH , N O , 

HO, B-S, COS, SO_, CO, C0_, and 0.. One approach was to provide 

a selective analyzer for each species. Although reliable instruments 

for this purpose can be purchased, their cost was prohibitive for 

this work. A second approach was to use instruments which detect 

and quantify all of the gases. Two such instruments are the Mass 

Spectrometer and the Gas Chromatograph. Gas chromotography was 

selected for gas analysis because of its simplicity and availability. 

1. Detector selection. 

Gas chromatographs can be tailored to a wide range of applica

tions. The types of detector and column packing vary with the speci

fic application. The combination of gases listed above can be 

analyzed best with a thermal conductivity cell (Katharometer) , an 

electron capture detector, or a gas density detector. The gas den

sity detector, although good for corrosive gas analysis, is not re

commended for use with helium, the system diluent in this work. The 

electron capture detector is recommended for gas concentrations less 
4 than 10 ppm. It can be modified to work in the range of 10 to 10 ppm. 

With this modification its sensitivity decreases to that obtained 

with the thermal conductivity cell (Mitchell, 1972J. Two available 
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gas chromatographs with thermal conductivity cells were used in this 

study. 

A major deficiency of thermal conductivity detectors is that 

c'ley react in varying degrees with certain gases. Oxygen and sulfur 

compounds are especially reactive. Rhenium-tungsten and nickel 

filaments were used because of their low reactivity toward oxygen 

and sulfur compounds and their corrosion resistance (Gow-Hac). The 

rhenium-tungsten filament has the added advantage of a relatively 

high sensitivity. 

2. Column selection. 

A literature review and private conversations with technical 

representatives of Varian Aerograph revealed that no one column 

packing would produce all of the desired gas separation. Therefore, 

two packed columns connected in series were required. Polymer packing 

which has a small degree of polarization is effective for the separa

tion of H , CO , N O , HH , H S, COS, SO , and H O , Group I. Molecular 

Sieve packing effects the separation of H , 0_, N , HO, and CO, 
Group II. 

In the first third of this work. Runs 1 through 16, Chromosorb 

104, a cross-linked polystyrene matrix with no coating, was used 

for separating the Group I gases. The major reason for selecting 

Chromosorb 104 was that it reportedly separated NO_ from CO , H S, 

COS, and SO . However, it irreversibly adsorbs NH and H^O. Since 

the analysis of these two gases was important in the later part of 

the expennental work, after Run 16, Porapak R packing was substituted 

for the Chromosorb 104. Porapak R is a porous cross-linked polymer 
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separates a l l of the gases in Group I , hut does not pass NO.. As 

expected, N0_ was not found in the f i r s t part of this work, so th i s 

is not a major limitation. 

Porapak R was selected after screening seven different columns. 

The hardest cr i ter ion to meet was to find a column which gave the 

desired peak separations with a minimum araout of t a i l ing . The H^O, 

S0_, and NH, peaks generally had t a i l i ng , NH, being the worst in th i s 

regard. A qualitative comparison of NH_ peaks on these columns i s 

given in Table i i i - 1 . 

Table i i i - 1 Qualitative evaluation of low concentration HH. peaks 

on several columns.* 

Chrotnosorfa 104 

Porapak Q 

Porapak R 

Porapak T 

Porapak Q 
+ 

Porapak R 

Carbowax 

Carbowax 
on 

Firebrick 

Dimensions Temperature 

cm x cm (°C) 
0.635 x 305 120 

0.31B x 214 110 

0.318 X 92 92 

0.318 x 92 120 

0.318 x 214 
130 

0.31S X 92 

0.635 x 305 155 

0.635 x 153 

Tail continued for over 
5 rain. 

Tail ended after 5 min. 

Almost no t a i l af ter 
5 non

significant t a i l after 
4 min. 

Almost no t a i l af ter 
4 rain. 

Tail continued for over 
5 min. 

Tail continued for over 
5 rain. 

* NH-, concentrations ranged from 1-4% in this study. 
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Only the Porapak R column gave a reasonable peak for NH at these 

low levels. Although quantification was possible at the 1 to 4% 

level, lower- concentrations produced peaks which were primarily of 

qualitative value. Wilhite (1968) also reports that tailing of 

NH_ occurs at low temperature programming. landau (1973) reports 

tailing of NH., at low concentrations on a combined Porapak R and 

polyethyleneimine-coated Porapak R. From the referenced and present 

work it is obvious that the quantitative analysis of low NH concen

trations *:ith a gas chromatograph has not yet been achieved. The 

NH 3 peaks were primarily used to confirm the presence of NH_ qualita

tively, ft bubbler containing an HCl solution collected the NH, to 

give a cumulative quantitative sample. This procedure will be des

cribed in section B.l. 

Molecular Sieve 5A packing, a synthetic zeolite, separated 

Group II gases. It was selected for its ability to separate 0„, N_ f 

NO and CO without giving excessively long tailing patterns for HO. 

Prior to Run 17, H was also separated with this packing. In the 

later part of this work, the H peak on the Porapak R column was 

monitored since this column was connected to the more sensitive 

rhenium tungsten detector. 

3. Column performance. 

Gas chromatograms of the two G.C. systems, Chromosorb 104 in 

series with Molecular Sieve 5A and Porapak R in series with Molecular 

Sieve 5A, are given in Figures iii-1 and 2. 

Since all of the gases were never present in any one chromatogram 

in either system, these figures are a composite of several samples. 

A two-pen recorder allowed simultaneous detection of peaks from both 
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6 8 
Time (min) 

XBL746-3397 

Fig. i i i - 1 . Gas chromatographic t race : Chromosorb 104-molecular 
Sieve 5A. 

Chromosorb-104 

CO 2 

N z O 
COS 
H 2 S 
S O z 

N Q 2 

1.0 
0.80 
0.34 
2.0 
0.53 
3.1 

Span 
(mV) 

1 
1 
1 
2 
1 
2 

H 2 , 0 2 , N z , N O , C O 

Molecular Sieve 5A 

H Z 

o 2 

NO 
CO 

3.6 
1.0 
0.05 
0.32 
0.37 

Span 
ImV) 
0.2 

1 
0.2 
0.2 
0.2 
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F i g . i i i - 2 . G a s c h r o m a t o g r a p h i c t r a c e 
P o r a p a k R - m o l e c u l a r s i e v e 5A. 

P o r a p a k R M o l e c u l a r S i e v e 5A 
Gas % At tn . S p a n 

(mV| 
Gas % A t t n . Span 

a. W 175" ~r~ 0.Z j . "07 oTsz 1 0.5 
b . C O , 

N 2 6 
Z.58 1 10 k. N 2 0 .17 1 0.Z 

c . 
C O , 
N 2 6 Z.O 1 10 i. NO 0.25 1 0.5 

d. N H 3 Q.Z4 1 1 m . CO 4 .3 Z 1 
e . H E S 0.9Z Z 1 
f. COS 0 .34 1 1 
g- H 3 o 1.3 1 1 
h . so. 0.71 1 1 
i . 0 2 , N 2 , C O NO 
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chroma tographs. Since the recorder had only one integrator) which 

could be switched to either pen, it was advantageous to have the 

peaks eluting at different times, in the first system, Figure iii-i, 

all peaks except M., from the Molecular Sieve, and H_S from the 

Chrcmosorb 104 elute at different times. In this case the N peak 

area was manually calculated while the H S peak area was counted by 

the integrator. The excessive tailing of HO and CO is both a 

reflection of noise at the 0.20mv span and some tailing. The 

tailing of NO even at high concentrations permitted only 

qualitative analysis. In the second system. Figure iii-2, the 

NH peak area was either manually calculated or only *;sed for 

confirming the presence of KH_. Either f e CO or H,S peak area 

was manually calculated while the other van counted by the disc 

integrator- The detailed description of the sampling techniques 

and equipment arrangement is given in section 5. 

4. Colunn preparation and treannent. 

The 30S-cra x 6.4-mra Chromosorb 104 column, mesh sise 60 to 

80 {250-177 yn),316 stainless steel (S.S.) wall, was purchased 

directly from Varian Aerograph. The packed column was pretreated 

by heating to 230°C under a helium atmosphere for 12 hours. 

The 305-cm x 6.4-mm ParapaJt R column, mesh size 80 to 100 

(177-149 pm) 316, S.S. wall, was made in this laboratory. The 

steel column was cleaned with the following sequence of solvents: 

Table iii-_2_. Sequence of solvents for cleaning column casing. 

Acetone 300 ml 
Chloroform 300 ml 
Toluene 375 ml 
Methanol 175 ml 
Acetone 100 ml 
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The tubing was dried in a helium atomosphere before it was packed. 

Than while the tubing was still straight* the packing was added. 

Constant rapping insured even filling. Glass wool plugs held the 

packing in the column. The column was pretreated by heating to 

245°C in a helium atmosphere for 12 hours. 

The 305-cra x 6.4-cm Molecular Sieve 5fl column, mesh size 

30 to 50 (500-250 urn), S.S. well, was mado in this laboratory. The 

same cleaning and packing procedures described for the Porapak R 

column were used. The initial column pretreatment was that reported 

by Diets (1968). In addition to ctesorbing ail gases, Dietz found 

that the column mast be treated to prevent excessive tailing at 

low HO concentrations. 

Diet?, describes his technique as one which first adsorbs KO on 

very active sieve sites. This adsorbed KO is permanently fixed to 

these sites by reacting it with O. to form KO in situ. This pro

cedure eliminates later adsorption of HO by active adsorbing sites, 

thereby greatly reducing HO tailing. 

The summarized pretreatment described by Dietz is listed below. 

1. Activate the sieve by beating to 300°C under vacuum for 
20 hours to desorb all gases. 

2. Break the vacuum at 300*C with HO, maintaining a low NO 
flow for 1 hour to saturate the column. 

3. Cool the column to 20°C continuing to saturate with KO 
for another hour. 

4. Plush the column with Helium for 4 hour to remove all 
nonadsorbed HO. Add a stream of O at 25°C to form NO_ 
on the active sites. 

5. Raise the temperature to 100°C with the O atmosphere and 
hold for 4 hour to insure that 0 2 and HO react. 
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With tliis technique Dietz reported NO detection limits of 

12 ppa-

The same pretreatment in the present study did l i t t l e to de

crease the NO tai l ing. Figure i i i - 3 shows a 7,6%[HO] peak with exces

sive t a i l ing . A mote detailed look a t Dietz's work revealed that 

the column waj, subjected to temperature programming up to 250"c. 

In contrast, the operating column temperature in this work was 

120°C. Joithe [1972) found that the presence of HO on adsorbed 

Molecular Sieve 13x aids in the adsorption of NO at 25°C. Similar 

behavior may occur on the Holecular Sieve 5A if the adsorbed N0_ 

i s not strongly held. By heating the column to 250°C, Dietz de— 

sorbed the majority of the loosely held H0_. Since the maximum 

column temperature in th is study was only 130°c, the loosely held 

HO i s thought to have been present and part ia l ly reactive toward 

the llO in the sample. Hignt_- temperatures were tested to find the 

point where loosly held HO would be desorbed and tightly held NO 

would be retained. The temperature of 250°C gave the best HO peaks. 

Figure iii—=? is a trace of an NO peak. This peak is 1.17% and 

uses the 0-5 rav span yet s t i l l has a smaller degree of ta i l ing 

than the 7.6%[N0] shown m Figure i i i - 3 . The pretreatment for the 

I-tolecular Sieve 5A column is therefore that reported by Dietz p lus : 

6. Heat the column to 250°c under a helium atmosphere for 8 
heirs . 

During Run 14, the HO peaks began to t a i l and large discrepan

cies developed between the in le t NO concentrations obtained by G.C. 

analyses and those obtained from flowmeter reading. The column was 
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Fig. i i i -3 . NO peak from Molecular Sieve 5A column treated with 
Dietz method. 
[NO] 7.6 fa 
Span 2mV 
Attn. 2 
System: Chronaosorb 104-

Molecular Sieve 5A 
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6-step pretreatment. 
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Attn. 1 
System: Chromosorb 104-
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regenera ted fol lowing t h e s i x - s t e p p re t r ea tmen t d e s c r i b e d above, 

b u t t h i s d id no t l e ad t o complete KO sample elufcion o r sha rp peaks . 

Severa l v a r i a t i o n s of t h i s procedure f a i l e d t o r e g e n e r a t e t he Mole

c u l a r Sieve 5A column s u c c e s s f u l l y . 

A second, i d e n t i c a l column was made. After t h e s i x - s t e p p r e 

t r ea tmen t t h i s column produced good q u a l i t y KO p e a k s . Th i s same 

column-poisoning phenomenon occurred fol lowing Run 30 . As before 

a new, i d e n t i c a l Molecular Sieve column, p r e t r e a t e d a s d e s c r i b e d , 

produced good q u a l i t y KO p e a k s . 

Before Run ] 4 a l l c f t h e su l fu r compounds were s e n t d i r e c t l y 

t o Molecular Sieve 5A column where they were i r r e v e r s i b y adsorbed. 

These adsorbed compounds a r e suspec ted of po i son ing t h e S i e v e . 

After Run 16 , a bypass v a l v e was i n s t a l l e d a f t e r t h e Forapak R 

column t o dump t h e s e compounds and water be fo re t hey e n t e r e d t h e 

second column. Th i s i s d e s c r i b e d i n s e c t i o n 5 . Seve ra l t imes a f t e r 

i n s t a l l a t i o n t h i s va lve was n o t switched a t t h e p r o p e r t i m e , a l lowing 

the s u l f u r gases and w a t e r t o p a s s i n t o t he S ieve c a u s i n g a poisoning 

s i m i l a r t o t he f i r s t c a s e . 

5 . Chronatographic , r eco rd ing and i n t e g r a t i o n equipment . 

The columns and d e t e c t o r s d iscussed above were housed in the 

following s p e c i f i c chromatographs . 

Table i i i - 3 . Gas chromatographic equipissnt. 

P o s i t i o n in Sequence Column 1 Column 2 
Manufacturer Varian Aerograph Var ian Aerograph 
:fc>del Ho. 90-P A-90-p 
Column Chrcm.104 Por R. Molecular Sieve 5A 
Detector Re/W ReA* Nickel 
Column Temp- (*C) 
Detector Temp. (°C) 
Filament c u r r e n t (ma) 
Helium C a r r i e r (ml/rain) 
Kvii.ua Reference (ral/iain) 

100 85 120 
120 165 155 
180 180 180 
80 80 80 
7.1 7.1 7. 

http://Kvii.ua
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In the f i r s t third of the study, through Run 16, the two 

machines were connected JT series. The ent i re effluent from the 

Chromosorb 104 column was fed into the Molecular Sieve 5A column. 

In the last part of the work the two machines were interconnected 

to allow both series and parallel operation. The columns were 

operated in the series mode until the wave of Group I gases had 

lef t the f i r s t column and entered the Molecular Sieve 5A column. 

A switch valve arrangement, shown in Piqure i i i - 5 then allowed tne 

other gases which separated on the r i r s t column to be discarded 

before they passed into the Molecular Sieve 5A column. I t also 

provided a separate and parallel helium carr ier for the Molecular 

Sieve 5A colunm after the gases tc be separated on i t had eluxed 

from the f i r s t column. The 6-port Varian Quad-ring valve was 

switched a t 2 minutes after sample injection. Figure i i i - 2 . The 

resulting pressure surges in both columns rapidly decayed. 

A Leeds and Northrup Speedomax XL Recorder 600 Series with a 

Series 2000 Disc Integrator was used to record the peaks and their 

areas. The recorder has two channels one of which is connected to 

the integrator. A switching arrangement shown in Figure i i i - 6 . 

enabled the integrated channel to be used on either column. In 

this way, the output signals fron both columns could be monitored 

simultaneously and the peaks from both columns could be integrated 

as long as they had different retention times. The channel without 
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the integrator was also used for monitoring the voltage output 

from various thermocouples around the system. 

6. Gas sampling. 

The gas samples were injected into the column with a 6-port 

Varian Aerograph Quad-ring valve. Prior to Run 8, all samples were 

collected in nominal 2-ml pyrex gas sample loops with teflon valves 

and transferred to the G.C. Prior to purging these loops with the 

carrier, the connecting lines between the valve and the loops were 

evacuated and filled with helium. After Run 8. a continuous sample 

purge was maintained in a 2-ml, 316 stainless steel sample loop. 

This could be either the inlet or outlet sample. The 6-porfc valve 

was again used for the sample injection. 

7. Calibration and detection limits for G.C. analyses. 

The response of the G.C. columns to gases was determined by 

passing a stream of a particular gas at atmospheric pressure through 

the 2-ml sample loop and then to a bubbler. After at least 5 minutes 

of purging, the response for that gas was recorded several tizaus. 

In all cases except H. and HO, 100* gas concentration was used. 

The number of integrator counts is multiplied by the product of 

the span and attentuation to give the relative area. The standard 

areas and their relative standard deviations are given in Table iii-4. 

The columns were not recalibrated on a regular basis but rather 

when system changes were made or when large discrepancies developed 

between the concentrations calculated from the flowmeter readings 

and the G.C. values for inlet gas samples. The large standard 

deviation for SO in Table iii-4,11.6%,represents the difference 



between two calibrations 5 months apart. 

The calibrations presented in Table iii-4,are for a sample loop 

temperature of 21.1°C. When the outlet lines and sample loop were 

heat traced, after Run 26, the temperature was 58.9°C. At this 

point, the calibrations were adjusted down by the factor 1.128, the 

ratio or. absolute temperatures. A check was made with 0.195% 0 when 

the temperatures were 22.8° C s, 57.8°C. The predicted ratio was 

1.12 and the experimental ratio was 1.17, within 5%. 

Table iii-4. Percent standard deviation in gas chromatographic standards. 

GAS COLUMN 
PEBCErrr 

STANDARD DEVIATION RELATIVE AREA 

°°» Forapak R 
Chromosorfa 104 

0.41 
0.88 

142,933 
148,338 

N 20 Chruiaosorb 104 0.14 129,408 

cos Porapak R 
Chroffosorb 104 

0.45 
0.39 

161,152 
185,940 

S 0 2 Porapak R 
Cbrcmosorb 104 

12.0 
2.0 

148,304 
177,152 

H 2S Porapak R 
Chrooosorb 104 

1.1 
0.60 

133,424 
112.384 

H20(1%! Porapak R 7.9 2,695.3 

m3 Porapak R 0.53 88,062 

H2(l%) Porapak R 
Bol. Sieve 5A 

4.4 
12.0 

24.74 
6.94 

H 2 Hoi. Sieve 5A 0.34 31,725 

°2 Mol. Sieve 5A 0.34 28,592 

CO Mol. Sieve 5A 0.22 30,387 

HO Mol. Sieve 5A 0.74 28,592 

Chromasorb 104 (Only qualitative value) 
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In addition to the calibration values, the detectable 

limits of the most important gases were determined- The detection 

limits of the remaining gases were estimated. In the context of this 

work, the detection limit is the lowest concentration which can be 

determined within an accuracy of about 25%. Table iii-5 lists the 

detection limits and the elution times of the gases. The Molecular 

Sieve 5A times are for the Porapak R-Molecular Sieve 5A system. The 

high detection limit for H is a result of the close thermal con

ductivity of He and H.. The high limits for HH , H O and SO- on 

the Porapak R and NO on Chromosorb 104 columns result from the 

tailing of each gas. 

8. Interactions of gases in chromatographic columns. 

The discussion in this chapter so far has centered on analysis 

of individual gases with no mention of samples containing multiple 

reactive gases. Unavoidable gas interactions were found when multi

ple gases were analyzed. These interactions resulted in lower con

centrations being reported for some gases. This section discusses 

the interactions and the techniques used to estimate gas concentra

tions correctly. 

In the initial stages of this work multiple gas streams were 

metered into a helium diluent. This mixture was then sampled and 

used to determine the conditions necessary for peak separation. 

During this work it was noted that the gas concentrations calculated 

from the flowmeter readings did not always correspond to the chroma-

graphic values. This was noticed especially when there was a combi

nation of H S and SO or NO and 0 . These proved to be the two 
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major interactions, A secondary interaction was the effect of 

Table iii-5. Detection limits of gases. 

ELUTION* DETENTION ESTIMATION 
GSS TIME (min) COLUMN LIMIT (ppm) TECHNIQUE 

H 2 2.0 Molecular Sieve 5A 6,000 Direct (2/14/73) H 2 1.15 Porapak R 2,000 Direct (Run 42) 

co2 1.2 Chromosorb 104 100 Direct (Run 13J co2 
2.50 Porapak R 100 Direct (Run 2SJ 

N 20 1.4 Chrome-sorb 104 100 Estimate from CO^ N 20 
2.70 Porapak R 100 Estimate from C0 2 

HH 3 4.7 Porapak R 2,000 Direct (4/10/73) 

H 2S 3.2 Chromosorb 1Q4 150 Estimate H 2S 
6.5 Porapak R 150 Direct (Run 39) 

COS 2.1 Chromosorb 104 100 Direct (Run 13) 
9.7 Porapak R 200 Direct (Run 30) 

V 18.8-19.8 Porapak R 2,500 Direct (Run 29) 

so2 7.7 Chromosorb 104 250 Direct (Run 13) so2 
27-29 Parapak R 800 Direct (Run 29) 

H0 2 17.5 Chromosorb 104 10,000 Estimate (5/5/72) 

°2 3.3 Molecular Sieve 5A 40 Direct (8/18/72) 

H 2 3.9 Molecular Sieve 5A 40 Direct (8/18/72) 

NO 4.9 Molecular Sieve 5A 200 Direct (S/14/72) 

CO 6.2 Molecular Sieve 5A 200 Direct (Run 13) 

*Elution tine for low-concentration samples. Actual values at 100% 
level are slightly greater. 

these gases were never used together in the inlet stream. In two 

of the later runs, 37 and 38, there were outlet samples in which both 



were present. In this case, however, one was much greater in concen

tration than the other and there was no noticeable interaction. 

There was approximately a 10% loss in the S0_ peak area when 

water was in the same sample. This was caused by a definite broaden

ing of the peak which increased the S0_ detection limit. The forma

tion of sulfurous or sulfuric acid in the column may have been the 

cause for the slower desorption. When H_0 and SO. were present in 

the inlet, the SO, flowmeter value was used to determine the inlet 

SO-. The outlet samples only nad SO, and H„0 present in those runs 

in which the catalyst/absorbent was deactivated. 

Since the highly detectable H-S and COS breakthroughs must pre-

ceed that of SO (Chapter IV, Section E.l.b.), low SO, concentrations 

did not exist in the ou:let during the removal steps. After the S0» 

breakthrough, its measured concentration was increased by 10% to 

compensate for the analytical loss. 

Prior to Run 25, BO and 0^ were never present together in either 

an inlet or an outlet gas stream. In the majority of the following 

runs, both were present in the inlet gas stream in concentrations of 

HO fron 0.3% to Q.5X and of 0 2 from 0.5% to 1.0Z. In these runs, the 

flowmeter readings for each gas were used to obtain their inlet con

centrations. Typically the outlet streams from these reactions con

tained neither t nor Q_. In some of the runs where the catalyst/ 

absorbent became deactivated, however, the run was continued until 
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analyzed on what was found later to be a poisoned Molecular Sieve 

5A column. Three samples reported an average of only 73% of the 

0_ flowmeter level and only 54% of the HO flowmeter level. When the 

0- was cut off, the average NO level in three samples was still only 

54%. In this case, the apparent loss of sample was due to the H0_, 

H„0, and sulfur compounds adsorbed to the sieve. 

When the new Molecular Sieve 5A. column was made and pretreated 

as described in section 4, simultaneous sampling was still not quan

titative. Four separate samples of [NO] from the Molecular Sieve 

averaged 0.48% for an NO flowmeter level of 0.50%. This 4% loss is 

within experimental error and confirmed that NO could be analyzed 

separately. Three inlet samples with both NO and 0. present in Run 

31, the first run following the new column installation, reported 

losses of both HO and 0_. The ratio of the G.C. to flowmeter con

centrations for NO averaged 0.88 and the G.C. to flowmeter concentra-

same trend. As with the study on the poisoned column it appears 

was made using the factors of 0.54 for NO, and 0.73 for 0- mentioned 

earlier. Since a constant correction factor was not found, the HO 

and 0 removals for the runs which -esulted in deactivated catalyst 

are at best only estimates of the actual value. The important runs 



all runs were obtained from the flowmeters as discussed earlier. 

Jolthe (1972) has shown that Molecular Sieve 13X can catalyze 

the oxidation of NO to NO,, and that N0„ can also aid in the adsorp

tion of additional NO. Similar, if not the same, reactions are 

undoubtedly occurring on the 5A sieve used in this work. Since 

the N0_ is irreversibly adsorbed, there is a net loss of nitrogen 

oxides and 0 ? in the column when 0 ? is present. Fortunately, this 

interaction was not significant when both 0_ and NO were present 

at very low concentration, less that 1000 ppra. The lack of inter

action was evidenced by the detection of low NO and 0_ concentra

tion in the effluent streams from the deactivated catalyst/absorbent. 

B. Het'ChP^-ical Gas Analysis. 

In addition to the chromatographic gas analyses discussed in 

section A, a fritted-glass bubbler was used to absorb NR_ in the 

removal runs and S0_ in the regeneration runs. Ammonia collection 

was necessary since the G.C. was not able to determine accurately 

the low concentration present. Sulfur dioxide collection was nec

essary during regeneration, especially in the runs with short resi

dence times. In these runs, the SO- eluted from the entire bed 

more rapidly than the G.C. sampling could follow. 

1. Ammonia collection. 

Beginning with Run 19, the effluent gas from all runs In which 

NH, could be formed was passed into a fine fritted-glass bubbler. 

T> . solutions in the bubbler ranged from 0.02747 N to 0.05382 N HC1. 

The liquid height above the bubbler base was 90-mm with 150-ml of 



acid and 115 ram with 225 ml of acid. The concentration of acid 

depended on the total amount of NH, expected during a run. At 

least 150 ml of acid was used. The scrubber efficiency with 225-sil 

aliquot of the scrubber solution was titrated with HaOH solution 

to determine the NH- pick-up. The NaOH and HC1 solutions were 

standardized against potassium acid phthalate (KHCfiH.O.) solutions. 

2. Sulfur dioxide collection. 

An NaQH solution was used to scrub the regeneration gases 

in the same way in which the NH- was removed. The concentration 

ranged from 0.08024 to 0.9885 N HaOH. This solution was titrated 

with HC1 and the endpoint determined with a pH meter. The effi

ciency of the scrubber was 93%. This efficiency was determined by 

using 3 fritted-glass bubblers in series to reraove all of the 0.542 

SO. from the inlet gas stream. 

C. Catalyst/absorbent analysis. 

After each run, the catalyst was qualitatively tested for its 

magnetic properties and color. Intermittent tests were run to 

determine the presence of iron sulfide. Quantitative tests were 

made at the end of the experimental series to determine the amount 

of sulfur in the catalysts. 

1. Qualitative tests. 

A magnet was passed over the catalyst after the run to detect 

the presence of Fe_0,. Typically all of the catalyst material after 
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reduction, removal reactions, or regeneration reactions exhibited 

some Fe-O,. 

The fresh Pe_0, catalyst was bright red* After either reduc

tion or removal reactions in which no deactivation occurred, the 

catalyst was black. The Chemical Handbook gives black as t color 

for PeS, FeO, and ?eJi,. When deactivation occurred the catalyst 

became a dull orange color. In the short-residence-tine runs, after 

Run 36, the black particles were s l ight ly more magnetic than the 

red. 

The presence of FeS was determined by Che evolution of H„S when 

the catalvst was acidified with HCl. 

2. Quantitative t e s t s . 

An oxidation reaction similar to the regeneration runs was 

used to determine the amount of sulfur in the catalyst . All of 

the catalyst from each run was ground up and thoroughly mixed* A 

small sample, aboat 1 gram, was placed in the 0.95-cm reactor and 

heated to 677°C. A IX 0_ streaa oxidized the sulfur to SO„ for 1 

hour. The S0_ was collected in an NaOH scrubber. 

Table i i i -6gives a l i s t ing of the S to Fe rat io found with 

this technique, ihe value of S/Fe rrom the gas analysis i s bAsed 

on the net loss of sulfur from the gas streaa less any sulfur which 

precipitated. Large discrepancies exist between these two e s t i 

mates of the sulfur on the solid. The solid analysis reported in 

this work Is that based on the calculated values. This method had 

less room for error than the stripping technique. 
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Table iii-6 Comparison of S/Fe racios 

Calculated from Calculated from S0„ 
Evolution at 676DC Run Nee S0„ Absorption 
Calculated from S0„ 
Evolution at 676DC 

27 0.51 0.28 
29 0.30 0.52 
'JO 0.20 0.29 
31, 32 0.57 0.58 
35 0.57 0.76 
36 0.94 0.76 
37 1.01 1.06 
38 0.25 — 39 0.96 0.64 
40b, 40c 0.91 0.B? 
40d, 40e 1.00 0.75 
4lb, 41c 0.4B 1 — 41d, 41e 0.65 1 — 42 1.30 1 1.12 
D. Precipi tate Analysis. 

There were two basic types of precipitate which formed in the 

outlet line, sulfur and ammonia-sulfur salts. 

These were first tested for their water solubility. The sulfur 

was insoluble and the salts were soluble. Some of the sulfur samples 

were heated to confirm that only a sulfur smell developed. When the 

salts were heated, an NH- smell developed. When an H„S smell develope 

in conjunction with the NH-, the solid was NH.HS. When an S0_ smell 

developed the solid was (NH,)„S0_. In some cases, an NH_ smell 

developed when the precipitate was dissolved in an NaOH solution, 

but no sulfur gases eluted upon either heating or acidification. 

This elfninated twlJiS or (NU,)-SO- as the precipitate. Precipitation 

in a BaCl? solution of the salt confirmed the presence of SO . As 

much of the precipitate as possible was collected, but because of 

H_0 adsorption as well as precipitation after the condenser, a 

quantitative measure of the precipitate was not always possible. 



80 

E. Experimental Error. 

The experimental error can be separated into six independent 

areas: 

1. Gas chromatographic analysis 

2. Integration of effluent gas profiles 

3- Catalyst weight measurements 

4. Capillary gas flowmeters 

5. Condensate and/or precipitate in system lines 

6. Effluent gas scrubbing with either HC1 or NaOH solutions 

1. Gas chromatographic analysis. 

The error in the G.C. determinations vary with the gas and the 

column used. In the first part of this study, through Run 16, a 

Chromosorb 104 column was used to determine CO- and sulfur compounds. 

In the last part of this work, it was replaced with a Porapak R 

column which also separated H_, NH„ and H-0. A mclecular sieve 5A 

column was used to analyze the remaining gases. The relative per

cent error in the standard for each gas was given previously in 

Table iii-4. Except for H and H_0 all gases were standardized at 

1002. The large error in S0„ and H_0 standarizations on the Porapak 

R column was due to erratic tailing patterns. The large error in 

H_ on the molecular sieve column results because the signal is quite 

small and is therefore difficult to quantify accurately. The error 

was significantly lowered when H„ was separated on the Porapak R 

column. The remainder of the gases had errors of less than 3Z. 

The assumption of a linear scaling factor of these standards to 

lower concentration was used. To the extent that this assumption 
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does not hold, the actual errors will be greater than those pre

sented. 

2. Integration of effluent gas Peak Profiles, 

Manual plotting and integration of peak profiles with time 

gave the total change in concentration of each gas for the run. The 

trapezoidal curve approximation technique was used for the integra

tion. The greatest error in this part was associated with curve 

estimation, especially in short residence time runs where rapid 

breakthrough occurred. It is not possible to quantify this error. 

3. Catalyst weight measurement 

A Mettier balance, accurate to within 0-0001 g., gave negligible 

error in the actual weighing process. The loss of catalyst in the 

reactor and or the water content of the catalyst contributed greatly 

to sample weight error. When 3.2-mm pellets were used there was 

essentially no sample loss. With l/4mm to l/2mm sized particles 

some material was embedded in the glass wool plugs. Since glass 

wool looses binder when heated and frays quite readily when removed 

from the smaller reactors, the exact amount of material lost could 

not be determined. An estimate of this would be less than 0.5%. 

Not until Run 19 was the catalyst dried for 3 hours at 370°C 

before use. These conditions were necessary to completely remove 

all of the adsorbed water. Before this run, the drying conditions 

varied from a vacuum oven at 115°C to drying at 370°C for 1 hour in 

the reactor. Typical water contents of the catalyst were around 

2.5%. The first technique reported values from 1.9% to 2.1%. This 

would mean that the weight Loss in runs before Run 19 were at least 

0.5% in error. 



Even though these two errors are very small it Is of the 

order of the calculated weight changes from the reactions. This 

means that greater than 100% error may exist because of the uncer

tainty in water lost from the catalyst. After Run 19, the error 

was smaller in the water determination hut when the smaller parti

cles were used, the effect of weight loss again became important. 

4. Capillary flowmeters. 

All gases were metered into the helium diluent with capillary 

tube flowmeters. Helium was metered with a rotameter. 

Maximum and minmtna percent deviation of data points from the 

average straight line approximation for the flow characteristics 

are given in Table iii-7. 

Table ill-7. Percent standard deviation in gas flowmeters. 

Percent Standard Deviation 
GAS Maximum Minimum 

CO 10 0.81 
so2 5.5 1.3 
H2 4.1 1.3 
HjS 6.1 1.4 

°2 5.2 0.67 
NO 7.3 1.1 
NH3 8.2 1.2 
He 0.45 0.30 

Maximum deviations reflect lower flows, while minimum deviations 

reflect higher flows. The lowest flows used in these calculation 

corresponded to the lowest percentages of each gas used in the 

study. The large CO error is present only in the first few runs 

where CO was below 0.5%. In the simultaneous removal runs, the 



error would be less Chan 22. NH was fed only to check one reaction. 

The 'other maximum errors correspond to gas concentrations typically 

used in the simultaneous runs. Therefore, flowmeters reflect errors 

ranging from 1 to 7Z. 

5. Condensation and/or precipi tat ion in system l ines . 

Appreciable errors in effluent gas concentrations resulted 

from condensation and/or precipitation in outlet l ines. Sulfur pre

c ip i ta te was f i r s t noted in the outlet l ine in Ran 1. Between Runs 

1 and 12 only trace amounts were noticed. After Run 13, a large 

build-up of sulfur halfway between the reactor outlet and end of 

the outlet line was found. Reactions made in Runs 9-12 could have 

deposited some of this precipi ta te . Distribution of sulfur between 

these runs is at best a guess. A secondary heater was added to 

prevent sulfur condensation deep within the reactor tube. I t main

tained temperatures between 157°C and 270°C. In la ter runs, sulfur 

precipitated in a removable a i r cooled stainless steel condenser 

which could be cleaned and weighed. Sulfur-determination errors 

after Run 13 were about 52. A second type of precipitate which 

developed was ammonia-sulfur s a l t s , NH.HS, (NH ) SO,, and (SH.J^SO^. 

These precipitates were f i r s t noticed after Run 22. Collection of 

these in the air-cooled condenser was not as efficient as sulfur, 

since their condensation temperatures are lower. These sa l t s some

times condensed in the outlet sample line and sample loop of the 

G.C. Outlet lines were heat traced after Run 26. S t i l l some precipi-
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tate collected at the switch valve in the G.C. Quantitatively this 

was a small percentage of the total precipitate. Its effect on 

the H_0, SO. and NH, levels was more pronounced. These gases 

adsorbed or reacted to form the precipitate, 

6. Effluent gas scrubbing. 

The HCl and NaOH scrubbers used to collect the SO, and NH , 

respectively, were only 93% efficient. A series of 3 bubblers was 

used to determine the efficiency for both NB, and SO. Standard 

solutions and titrations used to determine the amount of gas 

scrubber were within 5% experimental error. 

7. Summary of experimental error analysis. 

The main error in these experiments is associated with the 

measurement of the weight change of the catalyst over the run. 

In view of this, material balances to estimate the sulfur gained 

and the oxygen lost from the catalyst were done with the changes 

in gas composition. Since only an accurate measure of relative gas 

concentrations was required to calculate the percent removal this 

value nas less than 52 error. 



CHATTER IV 

Experimental Results 

A. Initial Process Studies. 

The initial studies confirmed that the proposed process 

chemistry.was feasible. The 32-mm reactor and 3.2-tnro Fe/Al 0 

catalyst/absorbent pellets were used in these studies. 

1. Reduction of NO with CO over Iron Oxide. 

The reduction of HO with CO over iron oxide was studied in 

seven different runs. N_ was the only N-product measured. No H O 

was detected. The data are presented in Figure iv-1. 

The main influence on the NO removal was the CQAIO ratio. The 

values of x listed for FeO are the arithmetic average of x at the 

beginning and end of each run. In all cases reported in the figure, 

except Runs la and 4, the catalyst was pre-reduced with CO. Fast 

(1965) presents equilibrium calculations for the F s
2 ° 3 » F e3° 4» F e °» 

and Fe syste-̂ s. Fe_0_-Fe,0,, Fe_0.-Fe 0, and Fe-O.-Fe equilibria 2 3 3 4 3 4 x 34 ^ 
are possible. Below 550°C., only the Fe.O -Fe_0 and Fe.O -Fe 

equilibria are present. F e-, 0
A i s a mixed Fe -Fe oxide which has 

an inverse spinel structure (Cotton, 1972). Therefore, under the 
+3 4-2 above experimental conditions, the iron is a mixture of Fe , Fe , 

and Fe . The actual net valence state appears to have little effect 

on NO reduction- Similarly, there was no correlation hetween HO 

concentration, reactor temperature, or gas residence time and the 

NO removal within the ranges studied. 
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The reduced catalyst/absorbent produced after Run lb was used 

effluent gas. Traces of light yellow and white precipitates "era 

noticed close to the bubbler B5 minutes after starting the run. 

In the last 150 minutes of the run no ri_S or NO were detected. The 

run was terminated after 270 minutes because sulfur precipitated, 

plugging the outlet line. The amount of H_S removed at this point 

corresponded to 109% of the calculated bed sulfur capacity. Sulfur 

compounds eluted from the bed because its sulfur capacity had been 

exceeded. Formation of sulfur is thought to have been by the fol

lowing reaction: 

M 2 5 ° C ^ITI'C 
(kcal ) (kcai) 

H 2S + SO^ >2 H 2 0 + 3 S(s) - 3 5 . 0 -13 .61 

Failure of a copper gasket permitted air to leak in, which 

oxidized some sulfur to SO - Had the leak not been present, all 

of the sulfur would have eluted as H_S. In subseguent runs either 

a stainless steel or an aluminum gasket was used. The early traces 

of light yellcw and white precipitates were ignored. Later experi

ments showed that these were ammonium sulfides and sulfates. The 

system diluent for this run was N_, which prevented an accurate 

closing of the nitrogen material balance. Despite problems in this 

run, it demonstrated th 

NO when CO is present. 



3. Reduction of NO with CO over Iron Sulfide. 

Since the bed capacity for sulfur (as FeS) in Run lb had been 

exceeded while maintaining no detestable HO elutions, it was con

cluded that iron sulfide must also be catalytic for NO reduction. 

Runs 2d and 32 demonstrated this fact. Figure iv-2 corapares these 

results with those from the FeO data. For both low and high 

the water effect was small. The conclusion from these runs is 

that iron sulfide has activity comparable to iron oxide for NO 

reduction by CO. 

Runs 8a and 9a. Prior to these runs, reduced iron oxide was pro

duced with net reducing CO and NO streams. Maximum removal of 

CO in Run 8a was 46% while that for H_ in Run 9a was only 21% at 

370°C in 0.67 seconds. A detailed discussion of these oxidation 

reactions is given in section H. This cursory look confirmed 

that both CO and H- can be oxidized by Fe_0-, CO reacting core 

readily than H-. 

Oxidation of 

The final process stage to check was the catalyst/absorbent 

regeneration. Runs 2e and 10b confirmed the regeneration reactions. 
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when [0_] was 0.78%. A quantitative sulfur balance was not 

obtained. However, the relative product distribution, based on 

gas chromatograph (G.C.) and precipitate analyses, showed that 

approximately 95% of the product was SO and 5% was sulfur. 

In Run 10b, S0_ began to evolve rapidly from FeSO^ at a 

temperature around 670DC. The iron sulfate gave an S0_ concentra

tion oi 0.47% at 560°C. This increased dramatically to 16% at 

670°C. Lowell (1971) reports decomposition of FeSO^ between 603-

810°C and of Fe 3(SO a)_ between 781-810°C. The National Bureau of 

Standards (1966) reported slightly lower temperature levels of 

550"C and 680°C, respectively. NBS also state that in the range 

of 6S0°C to 730°C, the decomposition pressure of FeSO. is greater 

than that of Fe.(SO.),. Yost and Russell (1944) support the lower 

decomposition temperatures. They report an SO, concentration at 

one atomosphere of 26% over Fe2(SO.)_ at 670°C. Since the run 

continued until the S0_ concentration was 0.86%, most of the sulfates 

had already decomposed. The pellets from both Runs 2e and 10b were 

visually similar to fresh pellets. A sulfur balance was not possible. 

6. Summary of initial studies. 

The initial process studies confirmed the following: 

a. NO can be reduced to N by CO over either iron oxide or iron 

sulfide at 370°C. 

b. NO and H„S can be simultaneously removed by reactions with 

reduced iron and CO at 370QC. 



c. both CO and H can be oxidized by Fe^O at 370°C. 

d. Catalyst regeneration can be accomplished at temperatures 

around 670°C. to yield iron oxide and SO . 

B- Removal of Sulfur Compounds. 

The proposed removal process requires that i net reducing flue gas 

be generated. This means that in addition to S0_, other potential 

sulfur compounds will be produced - H„\>, COS and S . Under reducing 

conditions, essentially no SO will be present (Reese, 1965) . 

1. Removal of H S with Iron Oxide. 

The following reaction was studied in five different runs. 

A H 2 5 ° C ^VO-c ^538=0 
IkcaV (kcai) tkcal) 
-11.9 -9.25 -9.57 iv-2 FeO + H 5 >FeS + H O 

These ri-.ns had approximate conditions of 2"i H^S, 370°C. and a 

qas residence time of 0.50 seconds. Figure iv-3 is a plot of the 

percent Ĥ S removal as a function of ran time. All runs gave 

essentially complete H 5 removal during the f i r s t 3 minutes. The 

rate of departure from 1001 removal appears to be a function of the 

i n i t i a l amount of FeO in the solid. Run 16b, with FeO , departs 

t 3 minutes. Run1? 19c and 24c, with FeJ „ and FeO.. -., depart 

a t about 18 minutes. Run 2c, with FeO , deviates from this trend 

due to a lower residence time and reaction temperature. Surprisingly 

Run 24e, with FeO S gives the longest time until departure, 30 

minutes. The oxidation s tate of the iron would predict that the 
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XBL 745-3253 

Removal of H->S by reduced i ron oxide. 
2c 16b 19c 24c 24e 
360 381 376 371 373 
0.37 0.50 0.47 0.45 0.45 
i .9 2.1 1.S5 2 .1 Z.O 
FeO.[ l g F e O t 35 F e O t 2 7 

F e O . i 0 S i . i F e O . 5 7 S . 8 0 F e O . 5 0 S . 7 8 

FeO! .26 F e O t , 3 FeO.[ l g F e O t 35 F e O t 2 7 

F e O . i 0 S i . i F e O . 5 7 S . 8 0 F e O . 5 0 S . 7 8 FeO. 50S 76 F e O , 7 1 S 
O A D 9 V 

F e - 3 0 1 - T l / 8 
(3.2 mmX3.2 nun) 
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breakthrough time for Run 24e should be similar to that for Run 16b. 

No explanation has been found for this discrepancy. Based on equ2tion 

iv-2, the hydrogen material balance in Run lob closed to within 8.5%, 

supporting the contention that one sulfur is exchanged for one oxygen. 

Tht qualitative lead acetate test for the presence of sulfide was 

positive for the catalyst/absorbent from Run lc. 

2. Removal of COS with Iron 0>:ide. 

Similar results were obtained for the reaction: 

i H25°C <*no°c ^sas-c 
(kcal) (kcal) (kcal) 
-20.2 -17.3 -17.5 lv-3 PeO + COS * FeS + CO 

Percent removal of COS as a function of run time for Run 9b is 

shown in Figure iv-4. Departure from 1004 removal occurs at 5 minutes, 

somewhat sooner than expected based on the H,S work. Fifty percent 

removal of COS occurs after 65 minutes for COS, while for Run 24c with 

comparable initial FeO , 50% removal of H^S occurs after 80 minutes. 

It appears from these two comparisons that H_S is the more reactive 

species. 

The overall carbon balance on Run 9b closed within 7.3%. CO 

was the primary product of the reaction. It decreased with time as 

the COS removal decreased. CO was the other product. After the 

first 20 minutes, CO eiuted at a constant concentration of 0.20%. 

This concentration corresponds to 5.3% of the inlet COS which is far 

greater than could be expected from the 0.32% CO in the COS feed 

cylinder. The constant elution rate for CO implies that it is 

generated independent of the extent of the main reaction. 
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Fig. iv-4. Removal pf COS with reduced iron oxide. 
Run 96 F e - 3 0 i - T l / 8 
T("C) 370 l3.2mmX3.2mm) 
8 (sec) 0.60 
[COS] 3.75% 
Solid(I) 
Solid (F) 

F e O 1-25 
F e ° . 7 6 S . 4 9 
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The fol lowing decomposi t ion r e a c t i o n s a r e therniodynamically 

un favorab le : 

i H25"C i F370°C ^538-0 
(kcal) (kcal) (kcal) 
+21. 8 +9.46 +6.27 

+ 6.33 +5.75(227°C) 

COS i CO + H S2 (g) 

COS >C0 + S (s ) 

This next r e a c t i o n i ^ thermodynamically f avo rab le . 

i H25=C iF370°c 
(kcal) (kcal) 

"eS + CO -13.42 -6.50 FeS + CCS *FeS + CO - 1 3 . 4 2 -6 .50 i v - 5 

Haas (1973) has confirmed the presence of both FeS and FeS- by 

x-ray diffraction analysis under sinilar conditions. He st idied 

the following reaction at a temperature of 40f)°C over an iron/alumina 

catalyst. 

^s-c ^o-c " W c 
(kcal) (kcal) (kcal) 
-48.9 -33.4 -29.3 iv-6 

COS was identified as the Taction intermediate. 

Since CO was formed and the presence of FeS., was implied, 

reactions iv-3 and iv-5 undoubtedly have occurred in Run 9b-

With this interpretation, 8.8% of the sulfided iron was FeS^ and 

91.2% was FeS. Ho independent determination of FeS 2 was made in 

this vjork. 

3. Formation and removal of sulfur vapor. 

If sulfur is present in the flue gas it should be decreased 

to a very low value over the catalyst/absorbent in view of the 

following equilibria: 



4 H 25»C ^ 3 7 0 - 0 "Wc 
(kcal) (kca l ) (kcal) 
- 2 1 . 8 - 9 .46 - 6.27 iv-7 

H 2 + % S2(g) *H 2S -20.2 -13.7 -11.7 iv-8 

Querido (1973) reported that above 327°C. reaction iv-7 pro

ceeded to a significant extent in less than 0.20 seconds over a 

CuS/Al_0_ catalyst. Haas (1971) reported that reaction iv-7 occurs 

above 3Q0°C. over an FeS/Al_0 catalyst. In these investigations 

COS was the final product. In the present work COS and H_S would 

subsequently react with FeO to form FeS, resulting in a lower 

potential S_ level than in either of the cited references. In view 

of these facts, no experimental work was done specifically with s_. 

4. Removal of S0_. 

a. Removal with Iron Oxide. 

for reduced iron oxide. Even with reduced oxide, however, only 7% 

of the potential sulfur absorption was realized, 

b. Removal with CO or H_ over Iron Oxide. 

In the presence of either CO or H , S0_ was substantially re

moved over the Fe/Al_0 catalyst/absorbent. Figure xv-6 presents 

results of these studies. The major reactions included the following: 



Fig. iv-5 . 

10 2 0 30 40 50 60 70 
Time (min) XBL 745-3261 

Removal of SO2 with oxidized and reduced iron oxide. 
Run 13c l i d 
T(°C) 377 382 
B (sec) 0.56 0.54 
[SO2] in 1.46% 1.40% 
Solid(I) F e 0 1 - 5 F e O ^ f c 
Solid(F) F e O 1 . 5 ( S O 2 ) . 0 3 F e O ! . 2 6 ( S 0 2 ) 0 7 

F e - 3 0 1 - T l / 8 
(3.2mmX3.2mm) 
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Fig. iv-6. 

Time (min) 
XBL746-3380 

Sulfur removal with time as a function of solid and gas 
compositions. 
T = 370-379-C. 8 = 0.5-0.7 sec 
F e - 3 0 i - T l / 8 (3.2mmX3.2mm) 

Run 
l i e 
lZd 
12e 
13e 

tio2] 
0 

1.9 
3.1 
2.1 2.6 

[H2] 
[S02] 
3.5 

0 
0 
0 

A[H2l 
A[SOZ] 

2.8 
0 
0 
0 

A[COZ] 
A[Sd2] 

0 
-2.8 
-2.5 
-2.8 

Solid 
Initial Final 

F e O i . 3 S . 0 7 i F e O . 8 6 S - i 0 

FeO1.5S.01g FeOl.5S.50 
F e ° 1 . 5 S . 5 0 FeO1.4S.68 
F e O i . 5 S . 0 2 3 FeOt.2S.43 

http://FeO1.5S.01g
http://FeOl.5S.50
http://FeO1.4S.68
http://FeOt.2S.43
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M 2 5 » C 
(kcal) 

i F 3 7 0 " C 
(kcal) 

^ 5 3 8 ' . 
(kcal) 

C 

\ F e O + 7/2 CO + SOj -i FeS + 7 / 2 co 2 
- 9 0 . 1 - 6 4 . 5 - 5 7 . 9 i v - 9 

FeO + 3 CO -f SO > FeS + 3 C 0 2 -90 .8 - 6 0 . 2 - 5 3 . 1 iv-lo 

2 CO + SO > 2 CO + h 
S 2 

-4B.9 - 3 3 . 4 - 2 9 . 3 i v - l l 

h F e 2 0 3 + 7/2 H 2 + S 0 2 — —»FeS + 7 / 2 H 2 0 -55 .7 - 5 0 . 3 - 4 8 . 4 lv-12 

FeO » 3 « * SO JFeS + 3 H 2 0 -61 .4 - 4 S . 7 - 4 5 . 8 iv-13 

2 H 2 + S 0 2 i 2 H 20 + h S 2 
-29 .2 - 2 5 . 7 - 2 4 . 4 iv-14 

In Run lie reduced iron oxide was contacted with a net reducing 

gas stream. The gradual increase of SO_ removal with time is a 

result of continual surface reduction as well as sulfidation. The 

iv-12, 13, and 14 could be important, based on reaction stoichiometry. 

Oxidised iron and a reducing atmosphere relative to reaction 

iv-ll were used in Runs 12d and 13e. A significantly longer time was 

required for these runs to achieve the same SO removal as in Run lie. 

In both cases, the overall change of product C0 7 to reactant SO., 

{MCO-l/AfSO.,1) was -2.8, even through the inlet reactant ratio 

UCOl/[S0 ]) only ranged from 1.9 to 2.6. SO. removals up to 100% 

were achieved in the later part of Run 13e. The negative signs only 

reflect product/reactant ratio changes. This apparent anomaly is 

explained by realizing that at the beginning of these runs, the 

majority of the reducing u.gent was consumed in reducing Fe_0 . As 

more reduced iron became available, the CO + S0_ reaction became 

dominant. Therefore, the initial {h[CO ]/A[S0 J) will be greater 



than 3.5 and the final absolute r a t io wi l l be between 2.0 and 3.5. 

Figure iv-7 i l lus t ra tes th is point. The i n i t i a l A[C0 ]/A[S0_] i s 

much greater for Rons 12d and 13e than for Runs 12e of l i e . After 

sufficient time. Runs l i e , 12e, and 13e approach a A[C0_]/A[S0 ] of 

between -2.5 and -2.7. Run 12d, with a lower inlet [CO]/JSO ] r a t i o , 

drops to about 2.0. These limiting values, plus sulfur precipi ta te 

in the l ines , verify that reactions iv-11 and iv-14 do proceed to 

some extent. 

Because sulfur precipitate was not anticipated, only a com

bined measure of sulfur from Runs 9b, l i e , 12d, and 12e was obtained. 

Measured precipitate accounted for 15% of the to ta l sulfur removed 

in these runs. In Run 13e sulfur precipi ta te was anticipattsd but 

i t accounted for only 4.8% of the t o t a l change in SO . A weighted 

average of A [CO]/A [SO ] calculated according to equation iv-10 and 

iv-11 to give the experimentally found value of 2.5 would predict 

that 50% of the to ta l change of SO could be accounted for by the 

sulfur precipi ta te . This value predicts a much greater amount of 

sulfur than was found. In keeping with ea r l i e r findings that FeS, 

may form, the following overall reactions should be considered: 

AH AF AF 
25°C 370°C 538°C 

(kcal) (kcal) (kcal) 

- 95.8 iv-16 
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T i i i i i i i i i i i i i i i i r 

-^—v I3e 

160 240 
Time (min) 

320 

XBL 745-3221 

Fig. iv-7. Variation of reaction stoichiometry with time for both IL 

Run T e [ so 2 ] [H71 [CO] 
I'C) 
382 (sec) ft) (%) ») l i e 
I'C) 
382 0.54 1.35 4 . 8 0 

12d 370 0.59 1.1 0 2 . 1 
12e 370 0.59 1.08 0 3 .4 
13e 377 0.56 

Fe 
0.72-0.77 
-301-T 1/8 

1.5-1.8 

(3. 2mmX3. 2mm) 



which is within the experimentally determined range. Since sulfur 

precipitate alone cannot account for deviation from a stoichiometric 

ratic below 3.0, some EteS- may have formed. 

In addition to S- which eluted from the bed, small amounts of 

H S (Run lie) and COS (Runs 12d, 12e, and 13) were detected. H 2S 

eluted in Run lie during the entire sulfidation. It increased 

from 2.8% to 14% of the inlet SO value as the bed became sulfided. 

In Runs 12d-12e and 13e, COS was detected during the majority of 

each run. The highest COS measured was 10% of the inlet SO . COS 

formation is in agreement with the theory proposed by Haas (1973) 

that COS is the reaction in termed! ate in the reduction of SO_ to 

A comparison of the simultaneous reaction kinetics of CO and 

and H_ removals gradually dropped off with time, H removal decreas

ing more rapidly. Measured A[CO]/A[SO ] was 2.70, which is what 

would be expected with an excess of reducing agent, based on Figure 

iv-7. Thus, the sulfided catalyst promotes reduction of SO <*ith 
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Fig. iv-8. Reduction of SO2 in a combined CO and H , s t ream. 
Run 27d 
T(°C) 374 
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5. Reduced catalytic activity. 

respect to reduction reactions- In Figure iv-9, the upper line. 

roughly 3.3 times that of the inhibited catalyst. This rate 

decrease is more than can be explained by the CO concentration 

difference. The catalyst was inhibited for surface reduction in 

Run 13d by adsorbed SC_. Introduction, of SO_ into the inlet gas 

line resulted in an immediate increase in C0_ formation and an 

equivalent S0_ reduction. In this case, the catalyst was still 

active for the CO + SO_ reaction. The lower line. Run 12b, is CO 

removal from a system containing both absorbed and gas-phase SO . 

In this case, neither Fe_0, nor SO reacted with CO for over one 

hour. The CO removal rate is nearly 35 times slower than that over 

the fresh catalyst in Run 13a. The only significant differences 
between the bottom two lines was the SO present in Run 12b. After 

treating this catalyst in Run 12b with CO at 37GqC for 38 minutes, 

introduction of SO resulted in stoichiometric conversion of CO 

to CO and SO- reduction as noted above following Run 13d. 

6. Summary of sulfur compound removal. 
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Fig. iv-9 . The efiect of absorbed SO;> on Fe^03 and SO2 reaction by 
CO. 
Run 12b 13a 
T(°C) 371 377 
6 (sec) 0.59 0.51 
[ C o H 2.2 1.94 
[ S 0 2 ] % 1.2 0 
Solidfl) FeO.[ 5(502) <J2S FeOi.5 

F e - 3 0 1 - T l / 8 

13d 
377 
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1.28 

0 
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COS percent removals could be slowed by higher temperatures and • 

smaller catalyst/absorbent pel le ts . These changes should also 

increase the t o t a l amount of sulfur absorbed per mole of iron-

Almost complete removal of SO with CO or H_ i s possible a t 

370°C and a residence time of approximately 0.6 seconds over the 

3.2-mm Fe/Al 0 catalyst/absorbant. The problem of sulfur elution 

before complete bed sulfidation requires further study. Higher 

temperature and small particles should help solve this problem. 

For effective SO removal, the gas stream needs to contain a r e 

ducing agent- Exposure of the catalyst/absorbent a t 370°C to SO_ 

without reducing agent results in par t ia l deactivation for both 

SO and Fe.O reduction. The original ac t iv i ty can be restored by 

treating the cata lyst a t this temperature with CO. Experimental 

results of Run l ib indicated that H i s also effective for th is 

reactivation. 

7. Sulfur compound distribution in a net reducinq flue gas. 

The form in which sulfur will be present in reduced flue gas 

is a function of the equilibrium conditions a t the temperature where 

reaction kinetics essentially freeze. I n i t i a l l y , sulfur will be 

completely oxidized to SO with excess oxygen. At the point of 

addition of the rich CO and H stream, S0 0 could be reduced to H_S 

CCS, or s depending upon conditions in the flue gas. Thermodynamic 

calculations show that these reduced sulfur species predominate a t 

lower temperatures. Since no useful information was located on the 

homogeneous kinetics of SO reduction, runs were made to determine 



an approximate lower t empe ra tu r e l i m i t . 

a- Thermodynamic e q u i l i b r i a of s u l f u r compounds i n r e d u c e d f l u e g a s . 

Thermodynamic e q u i l i b r i u m c a l c u l a t i o n s for a t y p i c ? ! o i l - f i r e d 

power p l a n t f lue gas under r educ ing cond i t i ons i n d i c a t e t h a t a s t he 

t empera tu re d e c r e a s e s , H.S, COS, and S i nc r ea se wh i l e SO d e c r e a s e s . 

Table i v - 1 l i s t s f l u e gas compos i t ions and t h e cor responding r e a c t i o n s 

cons idered- Resul t s a r e shown i n Figure iv -10-

Tabie i v - 1 . Gas composi t ion and r e a c t i o n s for p i a n t equi ] i b r i u n 

C a l c u l a t i o n s . 

P l u e Gas Composition (before r e a c t i o n ) : 

(%) React ions Cons ide red : 

[ N 2 ] 73.90 2 COS + S 0 2 £ 2 C0 2 + 3/2 S 2 

[CO,] 13.96 2 H2S + S 0 2 *2 Ĥ O + 3/2 S 2 

[H 2 0] 10.16 CO + H 20 * C0 2 + H2 

[CO] 0.817 3 H 2 + S0 2 » H S + 2 E_ 0 

tH 2] 0.817 3 CO + S0 2 , COS + 2 C0 2 

[o2J 0.195 H 2 + h S 2 _ 9 H 2S 

[so2) 0.154 CO + "s S, f 

cos + H O — ; 

COS 

> H 2S + C0 2 

Oxidizing Equivalents 
Reducing Equivalents 

2[02] 
[CO] 

+ 
+ 

3[S02] 
[H2] = 0.521 

tco 2] 
IxbT " 1.37 

s-alfur spec ies when t h e CO_ t o H^O r a t i o i s 1.37, which i s t y p i c a l 
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4 0 0 
Temperature CO 

XBL745-3260 

Fig. iv -10. Equilibrium distribution of sulfur compounds in a typical 
power plant flue gas. (See Table iv -1 for data. ) 
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of oil-fired power plant conditions. Coal-fired plants have a 

higher [CO„]/lH 0], typically around 2. As long as reaction 

kinetics are rapid at 8QQ°C or below, neither S0_, S , nor COS 

will be present to a significant extent. The next section will 

discuss a case where the CO_ to H O ratio is amen less than one. 

Under these conditions, sulfur is the main reduced product at 

lower temperatures. 

b. Homogeneous kinetics of 50 raduction. 

A non-catalytic experiment. Bun 28, was made to determine 

the Jovest temperature at which these reactions would proceed. 

The inlet gas was 0.5% SO-, 1.6% CO, 1.6% H 2, and 1.7% H„0 in a 

helium diluent. The stream was fed directly into the 44.4-mm, ID 

Hullite furnace tube. This substantially increased the gas resi

dence time in the reactor to a value about 10 times that found in 

normal coal-fired furnaces above 1090°C, 2.4 sec. compared to 0.24 sec. 

Results of this work are shown in Figure iv-11 and indicate 

that reaction did not occur at a significant rate at temperatures 

up to 950°c. in tests run above 1093°C, reaction took place. When 

reaction occurred, large amounts of sulfur precipitated, preventing 

any quantitative estimation of the gas composition at high tempera

tures after reaction. Qualitatively, there must have been some COS 

or H S present which, cooled, reacted with SO- to form sulfur. 

The equilibrium calculations of Figure iv-9 are based on a 

[C02]/[H20] ratio of 1.37. Bun 28 had lCO2]/lH20] equal to O.OBB for 

1094°C and 0.37 for 1260°C. The low CO^ level allowed small changes 
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in CO, indicative of ruction progress, to be detected. From an 

equilibrium point of view, this lower value favors the reduction 

reactions over that in the actual flue gas. 

The effect of this lower [CO2J/[H201 r 

system equilibria is to make S_ the predominant species at lower 

temperatures. Figure iv-11 is a plot of the calculated equilibria 

and the experimental SO - Only at temperatures above 1094 C°does 

the experimental SO_ value begin to approach equilibrium value. 

These results show that reaction kinetics should freeze at 

around 1094°C or higher in normal flue gases. Figure iv-10 illus

trates a typical sulfur compound distribution at 1094°C: 

S 2 — 0.63% 

COS — 0.29% 

Freezing the equilibria at a higher temperature would result in 

a higher SO- level. Therefore, the primary sulfur species in flue 

gas will be so_ even though it contains an excess of CO and/or H-. 

Okay and Short (1973) report equilibrium calculations for a 

net reducing flue gas with [CO_]/[H 0] = 1.17. As in the present 

.-cudy they report H_S as the predominant sulfur species at low 

temperatures. In their kinetic studies, as in the present work, no 
effort was made to maintain CO in the inlet feed or [CO ]/[H_0] in 

the outlet. At their highest SO removal and lowest water concen

tration the CO„ formad from reaction would yieia only a [CO-l/tHgO] 

ratio of about 0.2. The previous discussion of Figures iv-10 and 



species. Therefore, even though S_ was the primary reduced sulfur 

species in the experimental system it will not necessarily be so 

under power plant conditions. A catalyst promoting these reactions 

at lower temperatures (below 800°C) with a typical flue gas ratio 

of [C0„]/[H_0] under reducing 

C. Removal of Nitric Oxide. 

Nitric oxide forms in the primary combustion zone of the furnace. 

A small amount of the NO is oxidized during flue gas cooling. This 

results in the effluent HO being 90 - 95% HO and 5 - 10% H0_. 

(Bartok, 1969). Rosser, (1956) reports homogeneous thermal decom

position rates for HO, above 540°C, which imply negligible NO. in 

the fiue gas above this temperature. Since the flue gas entering 
the contact zone will not only be at 540°C but also reducing, 

essentially all the HO will be NO. The experimental work studied 

only the reduction of HO. 

1. Reduction of NO with Iron Oxide. 

Removal of HO by catalytic reduction with a reducing agent 

over iron oxide and iron sulfide was reported in part A. At that 

time, no attempt was made to understand the removal mechanism. 

Klimisch (1972) has proposed an oxidation-reduction mechanism for 

the iron oxide system. Experiments were run to confirm this mechanism 

by demonstrating that HO could be reduced by reaction with either 

reduced iron oxide or iron sulfide. Figure iv-12 shows the percent 
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Fig. iv-12. Oxidation of reduced iron oxide with NO. 
Run 14b 15b 
T("C) 374 377 
0 (sec) 0.55 0.51 
[NO]% Z.17 0.98 
Solid(I) F e ° 1 . 3 4 FeO. '1.19 

18b 
377 
0.48 
1.34 
FeO, 

F e - 3 0 1 - T l / 8 
(3.2mmX3.2mm) 
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^ S O ' c "370°C "538-0 
(kcal) (kcal) (kcal) 

7 NO + 2 FeS 

3 NO + FeS # 

FeO + 3/2 N + 30 -177 -162 -157 iv-20 

sample to 1.84 for the last sample. If the mechanism of oxidation 

required FeSO. first to form and subsequently to decompose, initially 

(N_] would be greater than 1.5x[SO_]. Figure iv-13 shows that this 

is what occurred experimentally . Since Lowell (1971) reports FeSO 

decomposition at 382°C to form S0 2 and FeO, this mechanism is prob

ably what occurred. The A[N2]/A[S0_] for reactions iv-19 and iv-20 

are 1.75 and 1.50 respectively. Based on these reactions, the sur

face is still undergoing oxidation at 160 minutes. Quantitative 

sampling for NO on the Molecular Sieve 5A column was not possible in 

the first 65 minutes. However, the Chromosorb 104 column, indicated 

qualitatively that large NO concentrations were present. Absence 

of N_ on the Molecular Sieve 5A column in the first 65 minutes also 

concurred with this fact. Gradual increase of NO removal with time 

is opposite to the effect noticed for reduced iron oxide in Figure 

iv-12. This suggests that the oxidation of FeO by NO proceeds more 

rapidly than that of FeS. As fresh FeO is formed from FeS the over

all rate of NO removal gradually increases for the bed. Initially 
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NO removal fay reduced iron oxide as a function of run time for three 

different runs. The following reactions may occur: 

A H 2 ? C ^STOfC ^538*0 
(kcal) (kcal) (kcal) 

2 FeO + NO 

-90.8 -67.1 -62.2 

Run 15b exhibits a higher removal of NO because the solid was 

more strongly reduced and the NO concentration was lower than in 

other runs. The gradual decrease with time is caused by depletion 

of reduced iron on the outer surface of the catalyst pellets. 

In Runs 14b and 15b, the catalyst had been initially reduced 

with CO to levels reported in Figure iv-12. In Run 18, H_ was used. 

Oxidation of FeO in Ran 15b produced not only H_ but also CO_. This 

result was probably caused by desorption of C0 ? or oxidation of 

adsorbed CO remaining after reduction. The N_ generated from reaction 

with CO was 18% of the total. In Run 14b, C0_ uas not monitored, but 

it must also have been present since reduction conditions for 14a and 

15a were similar. The analytical system, at this time, was not set 

up to monitor water, so adsorption of H 2 was not checked. 

2. Reduction of NO with Iron Sulfide. 

overall reactions include the following: 
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Fig. iv-13. Oxidation of i ron sul&de with NO. 
Run 16c 
T(°C) 373 
8 (sec) 0.50 
[NO] 1.44% 
Solid(I) FeO 57S 8 0 

F e - 3 0 i - T l / 8 " 
(3. ZmmX3. Zmm) 



formed from decomposition of FeSO_ may also be a very active reduc

ing agent for NO. When a reducing gas is present, reduction of FeSO-

back to FeS, will occur instead of its decomposition, preventing S0_ 

evolution-

over both reduced iron oxide and iron sulfide. In Runs 18c and 19a, 

fresh catalyst was reduced to FeO . and FeO and then used to 

catalyze the following reactions: 

HO + H 2 > i H ; t HjO 

^25-0 
(kcal) 
-79.4 

^ 3 7 0 ^ 
(kcal) 

-70.3 

^538=0 
(kcal) 
-67.7 iv-21 

NO + 5/2 fl 7 HH + H O -90.4 -65.3 -58.0 iv-22 

[NH3] x 100 HH 3 selectivity 2 ^ + ^ j x 100 

Figure iv-14 shows results of those runs in which there was 

complete NO removal. The final value of the NH- selectivity was 23% 

and 30%, respectively. NH- selectivity is the percent reduced N 

formed from NO in the form of NH_. Determinations of instantaneous 

KH 3 selectivities were based on N- gas chromatographic (G.C.) peaks. 

The material balances for H, and N- had 18% and 22% error in run 18d 

8% and 12% in Run 19b. The large error in Run 18d was cause by H_0 

and NH_ adsorbing to an appreciable extent on catalyst pellets at 

370°C. This adsorption produced a chroraatographing effect of H ?0 
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Fig. iv-14. Reduction of NO with H2 over reduced iron oxide and 
sulfide. Percent NH3 selectivity and percent removal. 
R u n 18d 19b 2 1 c 
TCC) 379 3 7 7 372 
8 (sec) 0.49 0.47 0.51 
[ N O ] % 
[ H 2 ] % 

0.50 0.42 0.33 [ N O ] % 
[ H 2 ] % 2.44 Z.3 0.43 
Solid(I) F e O t 41 F e O t 71 F e O . 1 4 S . 6 0 
Symbol O D A 

F e -301-T >» ( 3.2mmX3.2mm 



and NH through the bed. In Run 18d, sampling and material balances 

were terminated when inlet gases were cutoff, while in Run 19b, 

sampling and material balances continued until NH_ and H„0 peaks 

were negligible. This procedure required an additional sampling 

time of 30 minutes. 

4. Reduction of NO with H, over Iron Sulfide. 

Run 21c was conducted after the reduced oxide had been sulfided. 

These results are presented in Figure iv-14. As before, complete 

54% NH selectivity measured corresponds to all che H forming HH,. 

The N 2 formed was probably from excess NO oxidizing the surface. Had 

more H_ been present, a higher NH selectivity might have resulted. 

S. Reaction of NO and H-0 with Iron Oxide or Iron Sulfide. 

Since both reduced iron oxide and iron sulfide were found to 

be capable of reducing HO to N_ without any other reducing agent. 

in Run 24d implies that regardless of the reducing agent present in 

the gas phase, iron sulfide will reduce most of the NO to NH if 

H O is present. The decrease in sulfur content of the solid in Run 

24d was determined from the quantity of the precipitate, HH.HS, in 
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Fig. iv-15. Reaction of NO+H^O with either iron oxide or iron sulfide. 
Run 
T(°C) 
0 (sec) 
1 NO] 
[H 2 Oj 
Solid (I) 
Solid (F) 
Symbol 

Z4b 
372 
0.45 
0.45% 
1.3% 
F e O i , 1 3 

F e 0 1 - 2 6 

A 

NH selectivity 
F e - 3 0 1 - T l / 8 
(i.2mmX3.2mm) 

24d 
372 
0.45 
0.47% 
1.5-2.5% 
FeO.5S.76 
FeO1.23S.t4 
O 

http://FeO.5S.76
http://FeO1.23S.t4
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samples. 

H S. The decomposition temperature of NH HS is 118°C (Handbook 

also a number of ammonium polysulf ides possible but their definite 

compositions are rather uncertain. 

ties over 90*. Figure iv-16 shows data from two runs with a sulfided 

catalyst. Ir both cases complete MO removal was achieved. Because 

H_ evolutions were very small in both cases, there is no real dif

ference between the apparent 91% and 96% NH selectivities. At 204 

min_tes into Run 24f, the H„0 feed was terminated. Immediately, N_ 

was generated as seen by the decreased NH., selectivity. A signifi

cant difference between these two runs is that no sulfur was removed 

from the catalyst in Run 22d while a significant amount was stripped 

off in Run 24f- Removal was evident by the absence of NH_ in the 

gas sample and precipitation of ammonium salts in the lines. 

An important parameter in these runs was the reducing or oxidiz

ing character of the gas stream. Reduction of 1 mole of NO to form 
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Reduction of NO with CO+H zO over iron sulfide. 
Run 22d Z4f 
T("C) 374 373 
fl (sec) 0.49 0.44 
(NO] 0.58% 0.46% 
[CO] 1.1% 0.40% 
H 2 0 % 3.4 2.2-2.8 
Soli'' II) FeO.27S.97 F e 0 . 7 1 S - 6 5 

Solid (F) FeO.i7S.97 F e 0 6 8 S . 4 6 

F e 301 - T l / 8 
(3.2mmX3.2mm) 
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sulfide from SO requires 3 moles of H or CO per mole of SO_. 

following definitions are used in the remainder of the text: 

Oxidizing Equivalents __ 0_ 
Reducing Equivalents R 

which could have enabled SO- to escape and form (NH.)-S0_ with 

and no precipitate formed. 

7- Summary NO removal reactions. 

This series of studies showed 

either in combination or independently as reducing agents for NO. 

2 
agents. When a source of hydrogen is available, the system must be 

net reducing with respect to NH formation ô pre 

from being stripped from the catalyst/absorbent. 

D. Simultaneous Removal of Sulfur Compounds and Nitric Oxide at 

Low Temperatures. 



The last section studied removal of NO over sulfided catalysts. 

In this section, the simultaneous removal of NO and the sulfiding of 

the catalyst/absorbent are discussed. 

1. Reduction of NO with H_S over Iron Sulfide. 

The potential for the catalytic reduction of HO by H-S over iron 

sulfide was studied first. Sulfur formation and sulfide formation 

reactions which are possible include the following: 

M25°C ^370-0 ^ W c 
(kcal) {kcal) (kcal) 

SO + B 2S > 

- 59.2 - 56.7 - 56.0 iv-23 

9.57 iv-2 

NH, + 5/4 S, + H,0 - 39.8 - 31.1 - 28.6 iv-24 

h S, + 2 NO 

44.3 iv-25 

-111.0 iv-26 

-106.3 - 91.8 - 76.0 iv-27 

In Run 22c, 1.1% H s and 0.55% NO were passed ever iron sulfide. 

Complete NO and H S removal resulted. NH,, N , HO, ami precipitate 
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were present in the outlet line. The precipitate indicated that 

some H.S possibly eluted from the bed. The precipitate was yellowish-

white in color with a crystalline appearance suggesting a mixture 

of ammonium salts and sulfur. Data for this run are given in Figure 

iv-17. Since the catalyst was almost completely sulfided at the 

start of the run, reactions iv-2 and iv-27, (surface sulfiding) 

probably did not occur to any significant extent. The reported 

loss of S from the surface is within the experimental error. Reactions 

generating H_ and HH, occur at the start of the run with reactions 

generating HH predominating after the first hour. All of the col

lected precipitate was water soluble and had a significant partial 

pressure of HH_. As noted earlier, HH.HS has a high HH^ partial 

pressure. If reaction iv-26 occurred, another possibility would be 

(HH )_SO , which also decomposes giving HH-. Since essentially 100% 

H_S removal was found there must have either been some sulfur which 

precipitated upstream of the condenser or ammonium polysulfides 

formed in the low temperature precipitates. 

As noted in the change of solid composition in Figure iv-17, 

the surface was oxidized, possibly by a reaction such as iv-25. 

Net surface oxidization implies that even with sulfur present as 

H S, a re 

catalyst. 

HO over fresh Fe_0 . Figure iv-18 presents the results. In this 
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Fig. iv-17. Reduction o£ NO with HjS. 
Run 
TCC) 
[NO] 
[H 2 S] 
Solid(I) 
Solid(F) 
O 
D 
A 

22 c 
366 
0.55% 
1.1% 
F e O . 4 0 s 1 . 0 
F e 0 . 5 7 S . 9 7 

H^S removal 
NO removal 
NH^ selectivity 

F e - 3 0 1 - T i / 8 
(3.2mmX3.2mm) 
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Fig. iv-18. Simultaneous removal of NO and H2S with H^. Pa r t a, 
0-428 minutes. P a r t b , 428-495 minutes. ) 
Run 21a 21b 
T(*C) 372 372 
6 (sec) 0.49 0.50 
[NO] 0.33% 0.33% 
(H Z I 3.1% 0 . « % 
[H 2 Sl 1.97% 1.97% 
Solid(I) FeOi .5 FeO.23S.76 
Solid(F) FeO 2 2 S o 6 FeO 23S1 2 

F e - 3 0 1 - T l / 8 
(3.22mmX3.2mm) 

http://FeO.23S.76


of H- reacting in the system decreased. 

Run 22a used both CO and Ĥ  to remove H_S and MO. Figure iv-19 

se lect iv i ty was 100%. CO reacts to a greater extent in the system 

than H ? > reporting about 90% removal while the H_ removal was about 

30%. 

Figure iv-20 shows the data for Run 22b. As before, a l l NO was 

decreases back to the level in Run 22a. Excess CO with respect to 

the NH reaction slightly reduced the solid. Figures iv-13 and 19 

show 50% H S removal a t 193 and 115 minutes, respectively. These 

times are within those reported in Figure iv-3 for sulfidation of 

reduced iron in the absence of NO and reducing agents. The longer 

time above 50% H S removal in Figure iv-18 is probably due to the 
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Fig. iv-19. Simultaneous removal of NO and H 2 S with CO and H 2 . 
Fig. iv-20. Simultaneous removal of NO and H 2 S with CO. 

Run 2 2 a 22b 
TCC) 371 3 7 1 
8 (sec) 0.48 0.4S! 
[NO] 0.52% 0.50% 
[H 2] 1.2% 0 
col 0.9b% 2.0% 

[H 2 Sl 2.0% 2-0% 
[ H 2 0 ] 6.3% 0 
Solid(I) F e O t . 5 F e O - 9 2 S - 6 1 

Solid(F) F <=o. 9 2 s , b l 
F e 0 . 4 0 S l . o 

Fe-301- T l / 8 (3. 2mmX3. 2mn 



Figure i v - 1 9 (0/R)N 2 = 0 .238 . 

5 . Removal of NO and COS over I r o n S u l f i d e . 

The second su l fu r compound t e s t e d f o r removal with HO was COS. 

A s h o r t t e s t confirmed t h a t t h i s sys tem a l s o removed a l l of t h e NO 

a s HH-. The p o t e n t i a l r e a c t i o n s i n t h i s system would b e : 

A H 2 5 „ C "Wc ^ S W c 
(kca l ) {kcal) (kcal) 

- 1 2 1 . 0 -102 - 97 .0 i v - 2 8 

- 8.27 - e.os - 7 .95 i v -29 

Complete removal of HO and COS r e s u l t e d . The NH s e l e c t i v i t y was 

100%. The same type of p r e c i p i t a t e developed in t h i s run a s i n t h e 

H_S + HO r e a c t i o n s . Sec t ion D. 1- P i n a l c a t a l y s t / a b s o r b e n t a n a l y s i s 

could n o t be c a l c u l a t e d because t he COS feed to the system was 

e r r a t i c . S ince the re was more HO than COS, the sur face of t he c a t a l y s t / 

a b s o r b e n t was probably ox id i zed . 

s u l f i d e was s t ud i ed in Runs 27e and 27 f. Data from t h e s e r u n s a r e 

p l o t t e d i n F igure iv -21 with the l a s t 35 ninute: - from Run 27d, removal 

of S0_ w i t h CO and H.,. I n t r o d u c t i o n of 0 .531 SO caused an i n c r e a s e 

in bo th CO and H. removals . NH s e l e c t i v i t y i s ahout 80%. Complete 
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Fig. iv-21 . Simultaneous removal of NO and S 0 2 with H 2

 a n d c O over 
iron sulfide. (Part f, 35-131 minutes; 
part g, 131-320 minutes. ) 
Run 
T( 'C) 
e (sec) 
[NO] 
[SO,) 
[col 
[ H 2 ] 
[ H j O ] 
Solid(I) 
Solid (F) 

Zll Z7g 
374 374 
0 . 4 3 0.43 
0 . 5 3 % 0 .58% 
0 . 4 5 % 0 .44% 
3 . 9 % 3 .8% 
3 . 7 % 3 .7% 

0% 1.0% 
F c O - 8 5 S ?.fi F e 0 . 7 2 S . 2 6 

F e 0 . 9 2 S . 2 6 F e O i . 0 6 S . 2 6 
F e -301 - T l / 8 
(3 .ZmmX3.2mni) 

http://FeOi.06S.26
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NO and SO removal were obtained. SO did not sulfide the catalyst 

was added to the inlet gases. There was no immediate effect on 

tivity had increased to 95%. This suggests that H produced from the 

Experiments.! work reported to this point was done in the absence 

mants were run to determine its effect en NO and sulfur-compound 

after starting the run, precipitate deposited in the outlet lines. 

removal is only about 75% of that shown in the figure. At 160 

The [COS] eluted was roughly constant at 0.08%. At 288 minutes 



100 

o o 
80 

"-- 60 \-
CJ 

o_ 
CO 

N 
^ . 40 
O 

| 20 

1 1 1 1 1 -
- P\ D r 

-

/VJ o . _n— -

«~& 1 ~T^ 
-

I
I

I
" -

I
I

I
" 

A t 

-

- Decreased Begin 25b 
H E S -

1 I I I I 

F i g . i v - 2 2 

ISO 320 
Time (min) 

480 

XBL745-324B 

. 2 . S i m u l t a n e o u s r e m o v a l of NO, H2S, O j w i t h H 2 and C O . 
Run Z5a 25b 
T("C) 368 374 
6 (sec) 0.45 0 .45 
: N O ] 0 . 5 1 % 0 . 5 6 % 
I C O ] 1-1% 1.4% 
[ o 2 ] 0 .55% 0 . 6 2 % 
[ H Z S ] 2 . 0 - 1 . 0 % 2 . 1 % 

H 2 0 ] 1.7% 1.4% 
[ H Z ] 1.1% 1-3% 
Solid(I) F e O i . 5 F e 0 . 6 S . 8 7 

Sol id(F) F e 0 . 6 0 . 8 7 F e O . 0 4 S i . 3 
O CO r e m o v a l 
A H 2 r e m o v a l F e - 3 0 1 - T l / 8 
0 0 2 r e m o v a l ( 3 . 2 m m X 3 . 2 m m ) 
V NO r e m o v a l 
• H i S r e m o v a l 



precipitate corresponded to a selectivity of 80%. This is only 

slightly less than the 100% selectivity reported in the absence of 

sulfur compounds suggests that oxygen inhibits sulfidation. The 

ratio, {O/ajHH , was 1.08 and 0.98 for Runs 25a and 25b, respectively. 

This proximity to the stoichiometric ratio in the gas stream and the 

initially unreduced catalyst both contributed to the system oxygen. 

8. Removal of HO, SO , and 0_ with CO and H over Iron Oxide. 

When S0 2 and higher 0, levels were nested. Run 26a, the catalyst 

became inactive for reduction of NO and SO_. The only reactions 

which continued were O and FeJS reduction. Figure iv-23 shows the 

deactivation with respect to all reactions followed by reactivation 

than CO removal, even though both have the same concentration. When 

O was absent, the reverse was noted. 

A final system variable which was studied under these conditions 

was particle size. Simultaneous removal of NO, 0 , and SO with CO 

was tested with 3.2-mm pellets and with particles .50-mm to .25-mm in 

size. In both cases, catalyst deactivation was noted. In Run 29b, 

che catalyst initially removed all the NO, SO , and 0 . After 80 
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Fig. iv-23. Simultaneous removal of NO, SO^, O-^ with Hg and CO. 
Run 
TCC) 
9 (sec) 
[CO] 
fH2] 
°2 

[NO] 
[ so 2 ] 
Solid(I) 
SoUd(F) 

26a 
368 
0.45 
2.2% 
2.2% 
2.0% 
0.5% 
0.37% 
FeOt.5 
F e O 1 3 S . 0 I 

F e - 3 0 1 - T l / 8 
(3. 2mmX3. 2mm) 
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presented in Figure iv-24. The HH selectivity was about 30%, much 

tivity is accounted for, the ratio is 0.98, slightly reducing- The 

outer layer of the catalyst near the bed exit was reduced. Had the 
run continued, the oxidation front would undoubtedly have passed 

through the entire bed. 
In Run 30c there was a net oxidizing atmosphere and the entire 

bed of particles was oxidized. The 0.50—mm to 0.25-ran particles were 

NO second, and 0 third. This suggests a relative order of oxidizing 

power, 0- being the most powerful. The specific effect of the smaller 

particle size at this temperature was masked by the deactivation. At 

the end of this run, the entire bed was oxidized. The particles were 

completely oxidized, exhibiting no reducing inner core as was seen in 

Run 29b. 

9. Summary of simulaneous removal of HO and sulfur compounds. 
Simultaneous removal of HO and sulfur compounds at 370°C is best 

accomplished with reduced iron oxide in a net reducing atmosphere 

which has no 0 present. If O- is present, rapid catalyst deactivation 

will occur when the gas is net oxidizing. Even under net reducing 

conditions, slow catalyst oxidization will occur when 0 ? is present 

in the gas stream. Smaller particles do not appear to slow or 
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Fig. iv-24. Simultaneous removal NO. O21 SO2 with CO. 
Run 29b 'CO] 4.2-4.6% [SO z ] 0.51% Solid(I) F e O t z 3 

T( 'C | 374 [NO] 0.53% [ H Z O ] 1.14% Sclid(F) Fe0 2 ' 5S 
8 (sec) 0.44 [ O z ] 1.0% Fe-301-T l / 8 (3.2mmX3.2mm) " 
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Fig. iv-25. Simultaneous removal of NO, 0 2 , SO2 with CO. 
F » - 3 0 1 - T l / 8 (0.50mm-0.25mm) 
Run 30c 
T(°C) 371 
S (sec) 0.28 
CO] 4-95% 
NO] 0.61% 
0 2 ] i . 1 % 
SO z ] 0.98% 
H 2 0 ] 0.7-1.2% 

Solid(I) FeOt 1 8 

Solid(F) F e 0 2 ; 2 S . z 9 

NH3 selectivity 

Symbol 

O 
A 
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prevent catalyst deactivation. 

The capability of NO to oxidize FeS forming SO was shown. 

Since O. is a stronger oxidizer, it is capable of oxidizing FeS 

at least to the same extent and probably continuing to form sulfate. 

If FeSO forms, as is expected thennodynaiaica?ly, it can be reduced 

as follows: 

FeSO,, + 4 CO — > FeS + 4 C0_ 
4 ' 2 

FeSO + 4 H 7 FeS + 4 H 20 

Kinetic limitations at 370°C may inhibit these reactions even 

under net reducing conditions. The upper temperature of 538°C may 

allow these reactions to proceed. 

E. Simultaneous Removal of SO- and HO at High Temperatures. 

Experiments reported in all previous sections are run at tempera

tures close to 370°C. In power plants this corresponds to the tempera

ture of the flue gas at the inlet of the air preheater. The upper 

limit on the reaction zone is the inlet to the economizer. Temperatures 

here are about 540QC. Runs discussed in this section were at this 

temperature level. 

1. Removal of HO, SO-, and 0 with CO and H O over Iron Oxide. 

a. Long residence time runs. 

Simultaneous removal of NO, SO^, and 0 with CO and H_0 over 

reduced iron oxide was studied in Runs 31b and 35b. The catalyst/ 

(kcal) (kcal) 

-72.7 -74.1 

-33.4 -58.7 

(kcal) 

-76.4 iv-30 

-66.5 iv-31 
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absorbent size was 3.2-mm pellets- The data are presented in Figures 

iv-26 and iv-27. Both runs maintained complete removal of NO and 

O. over the entire run. SO was not completely removed. Estimation 

of SO_ removal with time was not possible because eluted sulfur 

compounds formed ammonia salts. The average SO removal is plotted 

starting when precipitate was first seen. The precipitate which 

formed was white and released NH. when heated. Tests confirmed that 

is was (HH.)_SO . NH, was also collected in th HC1 scrubbers. These 

two sources gave average NH_ selectivities for the runs of 64% and 

69%, respectively. The precipitate formed most heavily toward the 

end of the run in both cases. The KH selectivity increased with, 

time in both runs. In Run 31b and 35b (O/RJHH was 0.956 and 1.00. 

Both runs were thus net reducing, with Ran 35b being slightly less 

so. The pellets at the end of each run were solid black and reflected 

no tendency to poison. The high removals achieved for all compounds 

over the entire bed suggest that the actual reaction time is less 

than the gas residence time in the bed. The CO removal begins to 

drop off only after 75% of the iron has been sulfided. This behavior 

suggests reaction times of the order of 0.10 second or less, 36,000 

hr space time. 

b. Short residence time runs 

Runs 36b and 37b confirmed that reaction does occur in less than 

0.10 second. A 6.4-mm ID. 316 stainless steel reactor gave resi

dence times about 0.04 to 0.02 seconds, depending on the catalyst 

charge. In this smaller reactor 2 grams of catalyst corresponded to 
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a residence time of about. 0.034 seconds. This smaller volume cuts 

the sulfur breakthrough time 10-fold from that in the 3.2-mm reactor. 

With the SO feed rates in Runs 36b and 37b, the calculated sulfur 

breakthrough times were 78 and 56 minutes, respectively. Figures 

iv-28 and 29 report the actual breakthrough times close to these 

values. Exact determination of the breakthrough curve was not pos

sible with the existing analytical system. 

In Figure iv-28, Run 36b, sulfur eluti 

COS. Ammonia was collected both as precipitate and in the HC1 

phere would have been net oxidizing. Although the bed remained re

active for the entire run, the catalyst at the end of the run was 

found to be present. 

atmosphere. This apparently occurred after 80 minutes, since all 

removals went below 10%. At 160 minutes the 0 level vas decreased 

to make (0/R)NH = 0.85. Removals immediately increased. The [0 ] 

was cycled again, and the saT-- results occurred. When the system had 

a net reducing ateosphere wi",n respect to NH generation, the catalyst 

was active. It is significant to note that even though the catalyst 

• was substantially sulfided in the first cycle, sulfur compounds 
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stopped eluting Immediately after the 0_ level was decreased. 

As in Run 36b, when the run was complete, the last half of the bed 

had remained active while the entrance had been oxidized during 

the run. 

The sulfur compound elution pattern is shown in Figure iv-30. 

H S initially breaks through followed by COS then SO . NO elates at 

about the same time as SO,, followed by 0,. This pattern was repeated 

twice. The third pattern appears to be the same, only slower. This 

suggests that the level of 0„ or the 0/R ratio has a direct influence 

on the bed capacity. 

In normal operating conditions, the catalyst/absorbent would not 

be used after complete sulfidization. Run 37b continued after com

plete sulfidizatiori. Another extended run was made. Run 38, in which 

the CO level was varied at a constant 0_ level of 0.98%. Even under 

net reducing conditions, the sulfided catalyst rapidly deactivated. 

Reactivation only occurred when O was removed from the inlet gases. 

This emphasizes the importance of maintaining reduced iron oxide in 

the catalyst/absorbent. Ferrous oxide is required both for the absorp

tion of sulfur compounds and to prevent rapid catalyst deactivation. 

2. Removal-Regeneration Cycles for NO,SO_, and 0. with CO over 

Iron Oxide. 

In Runs 39 and 40, a cyclic removal/regeneration procedure was 

used to provide a high level of FeO when testing the catalyst activity. 

A larger, 9.5-mm reactor was used in this study to give longer break

through times for sulfur compounds. The charge of 2.6 grams of 
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catalyst gave a residence tine of 0.040 seconds. Calculated break

through times for sulfur compounds for Runs 39 and 40 were 69 minutes 

and 75 minutes, respectively. This longer time enabled at least two 

samples to be taken prior to breakthrough. 

In Run 39 the actual breakthrough of H_S below 901 removal 

occurred between 50 and 70 minutes for the four trials. The data 

are presented in Figure iv-31. Complete 0 and NO removal were 

achieved for all trials. The average HH, selectivity for these trials 

ranged between 53 and 64%. The (0/R)H_ was 0.758 and (0/R)HH_ was 

0.896f reducing with respect to both NH, and H_ formation. 

The catalyst was regenerated in situ between each trial. The 

temperature wz»s first raised to 670gC. The [0_] in the regeneration 

gas stream in Run 39 was varied from 2% to 21%. The regeneration 

conditions are given in Figure iv-31. Air regeneration gave the 

catalyst with the highest sulfur capacity. All removal steps, however, 

appear comparable to the first. 

Run 40 had removal conditions, parts b and e, similar to Run 39. 

The data are presented in Figure iv-32. The regeneration conditions, 

parts c,d and f.g were altered to determine sulfate levels in each half 

of the bed. Run 40b was with fresh catalyst and Run 40e was with the 

regenerated catalyst from Run 40d. After the removal steps, the 

black particles (reactor exit) were separated from the red (reactor 

entrance). Each half was heated to 693DC for one hour under stream 

of a He. Any FeSO. would decompose under these conditions. A 

stream with 1% O., was then introduced for one hour to oxidize the 

sulfide to SO^. The SO^ generated in stepd c,d and f.g was collected in 
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Run 

S as SO. <%> 
S as S (*) 

NaOH scrubber solutions. Sulfate was found in both reduced and 

oxidized particles. The two bed sections were then combined and 

recharged to the reactor for the second removal step. The results 

are summarized below: 

Table iv-2. Sulfate level in reacted catalyst/absorbent. 

Reduced, Black Oxidized, Red 
(Bed Exit) (Bed Entrance) Overall 

40b-c,d 40e-f,g 40b-c,d 4Ce-f,g 4Cb-c,d 40e-f,g 

11.6 13.3 64 48.1 23.0 18.4 

88.4 36.7 36 52.9 77.0 81.6 

The 0_ in the sulfate corresponded to only 17 and 21% of the 

total O in the feed for Runs 40b and 40e, respectively. Removal of 

the remaining 0- was by reaction with. CQ. Integration of the curve 

area and solid analysis from the second regeneration show about the 

In Run 39, each trial resulted in an S/Fe ratio of around 0.60 

to 0.70. In Run 40, the S/Fe ratio was between 0.90 and 1.0. Com-

parision of the 0/R ratios would suggest that Run 39 should have been 

more strongly sulfided. The increased temperature of Run 40, 39°C 

higher than Run 39, may account for the higher sulfidacion level. 

These two runs have demonstrated the activity and regenerability 

of the catalyst even when 1% 0 is present in the inlet stream. This 

oxygen level results in between 15 to 25% of the sulfur ft rising sul

fate. The oxygen consumed in this sulfate formation is only 15 to 



F. Bmmonia Generation 

numerous runs have ! 

ammonia-sulfur salts were formed. Jones (1971) and Klimisch (1972) 

have shown that the presence of oxygen will decrease ammonia selec

tivity during NO reduction. A correlation between both this effect 

and the effect of the oxidizing or reducing nature of the catalyst/ 

absorbent on NH selecticity was found. Figure iv-33 shows the 

effect on the KH selectivity of the product of the ratio of the 

moles of oxide to moles of sulfide in the solid with the ratio of 

oxidation to reduction equivalents in the inlet gas. The ratio for 

the oxide to sulfide is an average of initial and final conditions. 

This procedure is not strictly correct sxnce initially no sulfide is 

present and at the end there is a large amount of sulfide. The 

qualitative trend on this graph is important; the greater the 

reducing equivalents in the gas or the more sulfide on the solid, the 

between 370° and 590°C. HH is unstable relative to H. and H 2 at 

and above 370°C for the concentrations used in this experiment. 

limit with an iron oxide catalyst. There is no apparent decomposi

tion in these runs since all runs have about the same dependence on 

the combined factir. Runs with copper and nickel, reported in the 

next two sections, were made to test the potential of these metals 

to produce lower NH- selectivities. 

G. Simultaneous Removal of SO , NO_ and 0_, with Copper Oxide and 

Nickel Oxide. 
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Fig. iv-33. NH3 selectivity as a function of solid and gas composition. 
Gas composition (%) 

Run [NO] [SO z ] [CO] | H Z ] [ 0 2 ] [ H 2 0 ] 
19d 0.38 0 0 2.5 0 0 
22d 0.58 0 1.1 0 0 3.4 
26c 0.50 0.95 3.7 3.6 2.0 4.9 
27a 0.50 0.41 3.6 3.6 2.0 1.4 
27e 0.53 0.44 3.9 3.7 0 0 
27f 0.55 0.44 3.8 3.7 0 1.0 
27g 0.53 0.45 3.7 3.6 1.3 1.0 
29c 0.53 0.50 4.6 0 1.0 1. • 
30c 0.61 0.98 4.9 0 1.1 l.b 
35b 0.50 0.48 3.7 0 0.49 1.8 
36h 0.50 0.50 3.6 0 0.45 1.3 
37b 0.49 0.50 3.5 0 0.13-0.48 1.3 
39d 0.49 0.56 5.5 0 1.0 1.7 
40b 0.53 0.53 5.6 0 1.0 1.7 
O T = 370-380° C, S = 0.5-0.7 sec 
A T = 538-590° C. A = 0.02-0.04 sec 

(Fe-301-Tl /8) 



1- Removal with Copper Oxide. 

Copper Oxide was reported to accomplish simultaneous S0„ and 

NO removal by forming S and N_ (Quinlan, 1973 and Ryason, 1967). 

A si.ailar copper catalyst was tested for its ability to remove SO 

as a sulfide and NO as N_ and NH . The catalyst was Harshaw Cu-

0803T1/8 which has 10% CuO deposited on activated Al 0 . T h e 

3.2-mm pellet size was used. The catalyst was first reduced with 

CO to CuO . calculated breakthrough time for the sulfur compounds 

is 129 minutes assuming Cu„S formation. Figure iv-34 presents the 

data. NO, 0_, and SO were completely removed. CO removal dropped 

at first then increased to about 100% toward the end of the run. 

Sulfur compound removal reflects elution of COS during the first 

150 minutes. The large breakthrough after 150 minute is H_S. NH 

selectivity constantly increased over the run. The average value 

from the HC1 scrubber and precipitate was 73%. In this run (0/R)N, 

within experimental error, may have occurred. Quinlan (1973) assumed that 

analyze for it. At the start of Run 33b, when 0 was being removed 

from the catalyst, the system may have gone slightly oxidizing, 

causing elution of CO and COS. With iron oxide in Runs 31b and 

35b, SO- eluted throughout the runs instead of COS. This fact implies 

that copper has higher catalytic activity for SO reduction but that 
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2. Removal with Nickel Oxide. 

A combination of nickel and iron onides was tested to see if 

the amount of NH produced could be decreased. Klimisch (1973) 

has demonstrated the ability of Ni to decompose NH, on a Pt-Ni-Al 

catalyst at 500°C. The iron was to function as it had in previous 

runs while the nickel was to decompose the NH which formed. 

Run 41 was identical with Run 40 except that the first half 

of ..he bed was Pe-0301 and the second half was Ni-301 catalyst. Both 

catalysts were ground to 0.50-0.25-mm in size, NH selectivities for 

the two parts were 27% and 41%, respectively. These values are only 

slightly lower than for the iron oxide runs. The data are presented 

in Figure iv-35. Calculated breakthrough times for parts a and c 

are 65 minutes and 75 minutes, respectively. The two-step regenera

tion was used separately on the iron and nickel portions after each 

trial. The reported S/Ni values were 1.29 and 1.26 While the S/Fe 

values were 0.48 and 0.65. The overall sulfate level was 26%, most 

of which was in the iron, contamination of the nickel portion of 

the catalyst bed with some of the iron probably caused the high S/Ni 

ratio. 

3. Summary of Copper and Nickel runs 

These runs show that although both nickel and copper catalysts 

are active for the proposed removal reactions neither significantly 

lowers the NH, selectivity or inhibits the formation of sulfate. 

The reactions forming the copper and nickel sulfides and sulfates 

are: 
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Fig. iv-35. Removal of sulfur compounds, NO, O2 and CO. 
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te25'c a P25"C aF370"C ^676^0 
Oeeal) Ikcal) (kcal) (kcal) 

2 CuO + CO 

-36.9 iv-32 

-T7.1 -81.1 iv-33 

(Not Known) iv-34 

+13.37 iv-35 

Lowell (1971) lists the decomposition temperatures of CuSO. and 

NiSO as 840-935°C and 73Q-890°C, respectively. In the regeneration 

runs, 11 0_ was used at 675°C. These conditions only partially re

generated copper oxide. A comparison of S0_ collected in the scrubber 

with that on the solid showed that CuO was only 50% regenerated. The 

dark greenish color present is characteristic of CuSO^. The same 

comparison for nickel showed that it was almost completely regenerated. 

The catalyst was a faint green color which is the characteristic color 

of NiO. 

One of the process requirements is that the flue gas have a net 



reducing atmosphere. Excess CO or H needs to be removed by oxida

tion with oxidized catalyst to prevent discharge into the atmosphere. 

Reactions for the iron oxide system include the following: 

1. CO Oxidation. 
Oxidation of C 

a greater percentage cf the reducing agent will be CO, see Chapter V. 

The data are presented in Figure iv-36. A 60% maximum CO removal was 

achieved with the 3.2-mm pellets of Fe/Rl20 in Runs 14ar 15a, and 

24a. When the CO level was decreased and the particles were sized 

0.50-0.25-mm, close to 100% CO removal was initially achieved. As in 

other runs, CO removal drops off rapidly. Higher removals with smaller 

particles suggests that diffusion limits the extent of reaction in 

the larger particles. Raising the temperature to 53S°C with the 

larger pellets also produced removals close to 100%. In all runs 
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where CO removal was 100% in the: first sample, the outlet CO- did 

not equal inlet CO flow. As the run progressed, the total CO + CO 

did equal the inlet CO within the experimental error. It is suspected 

that adsorption of CO or CO occurs. This phenomenon) was briefly 

discussed in connection with Run 15, Section C.l. The initial high 

removal for the low CO . i.; part due to CO adsorption. 

Another set of with a ci^Lit, shorter residence time is 

illustrated in Fi^m-- iv-37. These runs were t/ith 0.50-0.25-mm 

sized particles, A rapid drop-off of CO removal is shown for the 1% 

CO runs. Run 38a with CO 0.38% shows a much slower drop-off with 

time. 

CO removals in both Runs 30a and 38a remained high since the 

time required to reduce the surface is longer with the low CO con

centration. If diffusion or first-order kinetic limitations pre

dominated, the percent removal should be uneffected by the CO concen

tration. The variation can be explained by an initially active sur

face followed by a progressively less active surface species. This 

fact would suggest that, in order of decreasing activity toward CO, 

the iron oxides would rank Fe_0„ > Fe,0. > ted. 2 3 3 4 
Some of the excess CO may also be oxidized by unreact'.d O in 

the gas stream. In Run 8 the CO + 0 reaction was studied over both 

reduced and oxidized iron. The data are present in Figure iv-38. 

O removal was 1.:% in the two cases. In the net reducing system, 

the solid was reduced in both cases. Aft-ar 100 minutes, both Runs 

8b and 8d had CO removals which corresponded to only the 0_ oxidation, 

demonstrating the catalytic ability of iron oxide. 
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Fig. iv-38. Oxidation of CO with O^ over oxidized and reduced iron 
oxide. 
Run 8b 8d 
T("C) 436-377 377 
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pellets. The data are presented in Figure iv-39. The highest H_ 

removal for these tests was about 25%. This result is some 35 percent 

units lower than the CO removal under comparable conditions. Tlie 

rise in the- curve for Run 9a is a result of the temperature increase 

to 453GC. If diffusion limitations within the pellets were the rate-

determining step, H oxidation should proceed faster than CO oxidation. 

The reverse is the actual case, implying that H. oxidation kinetics 

are slower than combined CO oxidation diffusion and kinetic rates. 

I. Other Reactions Studied. 

1. Water-gas shift reaction. 

In experiments on HO reduction, NH, was formed when H_0 and 

CO were the reducing agents. This fact suggested that the water-gas 

shift reaction proceeds in the presence of either iron oxide or 

iron sulfide. Run 42 showed that bath H_ and CO were produced, 

f.̂ nf* using this prediction. The data are presented in Figure iv-40. 

The H,0 removal was determined by the H 3 produced. The percent water 

removal is much lover than that of CO because it is in excess. The 

discrepancy between the [CO,] and lH_] produced is due to error in the 

H_ measurement and oxidation of the surface by CO. There is very 

little significant difference between the two catalysts. Since the 

water-gas shift reaction does proceed, H_ may be an important inter

mediate not only for the HH_, but also for the H,S seen in runs con

taining SO , H.O and CO. OXay (1973) reports that with a Cus 
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catalyst the water-gas shift reaction does not occur. He based this 

claim on the fact that neither H nor H S were produced when H O was 

added to a system of CO and SO . This is not an adequate test for 

the water-gas shift reaction. 

2. High temperature, short r2sidence time sulfidation. 

The discussion m part B on sulfidation of iron oxide presented 

data collected at 370°C. The sulfidaticm step in Run 42c was 

carried out at 570*0 with a gas residence time in the bed of 0.045 

seconds. This run showed that COS did not break through until 

85% to 98% of the bed was sulfided. This fact implies that the 

actual reaction time was much less than 0.045 seconds. The data are 

presented in Figure iv-41. The COS breakthrough curve is extrapolated 

from one point. Breakthrough occurred to rapidly to obtain more 

intermediate samples. 

The calculated COS breakthrough, assuming only FeS formation, 

is 82 minutes, somewhat less than the actual. Under similar condi

tions/ except that 0 and NO were present, breakthrough was in 60 to 

65 minutes. Run 39 (Figure iv-31) . These results suggest that some 

FeS may have formed in this run and that HO and 0_ may inhibit 

sulfidization. 

The potential of Fe_0 to oxidize NH, at 368 C was studi-id in 

Run 23 over 3.2-mtn pellets- Ho reaction which produced N_ occurred. 
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oxide. Following this run, H_ and H S were successively passed over 

the catalyst. Neither H nor H_S reacted, which indicated that 

adsorbed NH deactivated the catalyst for reductions at 368°C. 

Peri (1965) reports a 5% monolayer coverage of NH on activated 

alumina at 400°C. 

4. Activity of Activated Alumina, 

Run 34 tested the activity of activated alumina for the proposed 

reactions. Activated Alumina No. LA-6173 from the Norton Company was 

tested. The alumina was 3.2-mm extruded pellets with a surface area 

of 250 m /gm. Adsorbed water on the alumina reacted with CO at 53a°C. 

to produce some CO . The reaction rapidly decreased. Similarily, 

when a gas mixture of 4% CO, 0.48% HO, 0.54% SO , 0.48% O and 1.7% 

H_0 was passed over the catalyst at 538 C only a small amount of the 

(1971) reports that A1?(S0 ) , decomposes to the oxide at 6S0°C. Thus, 

if any does form, it will decompose in the regeneration step, 677°C. 

J. Iron Sulfide Oxidation-

Oxidation of FeS to for 

required to regenerate the spent catalyst/absorbent. The desired 

sulfur product will depend on the specific plant location. In 

general, sulfur would be preferable to sulfuric acid. The initial 
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regeneration work discussed in section A yielded almost exculsively 

following: 

"as-c ^227-0 AF a 
676°C (kcal) (kcal) (kcal) 

2 FeS + 7/2 0 2 > 

Fe,0 3 + 2 S0 2 -293.3 -262.2 -232 

2 FeS + 3/2 0 2 » 
F e2°3 + S 2 ( g ) -120.S -106 - 91.9 

+ 9.05 + 10.2 

44.92 - 10.3 

Thermodynamics shows that sulfur i s favored at low temperatures 

nay prevent S production. 

a. i^rge p e l l e t s . 

Runs 11 f and 12 were conducted a t temperatures between 538°C 



and 720°C to see if sulfur could form at low 0- levels. 0_ ranged 

from 1.5% to 2.8% with residence times between o.36 and 1.0 seconds. 

The 3.2-nnn pellets were used. Trace amounts of sulfur collected in 

outlet lines, but by far the majority of sulfur from these runs 

eluted as SO . In Run 12 a mixture of 1.7% S0_ and 0.5% 0_ Was 

fed to see if SO formation reactions could be inhibited. The 

same results were noted: only trace amounts of sulfur formed. 

b. Small particles. 

IJQW 0_ levels and high temperatures were used in Runs 39 and 

42 with the 0.50-0.25-nmi sized particles to check on the sulfur 

product. In these runs, only SO eluted. No traces of sulfur were 

detected even though the 0 level ranged from 0 to 1,9% and residence 

t-inipc; varied from 0.02 to 0.04 seconds. 

The initial regeneration period (677°C and 1% 0 ) in Run 42 

lasted for 65 minutes. A second regeneration period (677°C and 1% 0_) 

of 210 minutes for this same catalyst showed that only 84% of the 

bound sulfur had been evolved in the initial period. A closer look 

at the three different 0 regeneration steps in Run 39 is shown in 

Table iv-3. 

Table iv-3 0^ concentration effect on regeneration. 

Run 39 (G77°C) 

Regeneration time (min.) 

2%0, 4%02 21%02 

t=37 t=69 t=5 t=35 t=5 t=34 
0.88 0 1.2 0 0.51 0 

0 1.1 0 2.3 18 21 

129 66 63 

89 86 93 
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there was no detectable O, removal after 34 minutes. In both the 

NaOH scrubbers for each step differ by only 7.8%. This is within 

the experimental error. The D breaks through only after most of 

the SO has eluted in the low concentration cases. The remaining 

O removal is caused by iron oxide oxidation. 

additional regeneration tests at 677°c and 1%0 were conducted 

on samples from selected runs. The particles tested were ground to 

less than 0.25-mm- The comparison of the S/Fe ratio determined by 

the sulfur picked up in the removal step to that determined by S0_ 

evolution in the regeneration step for each run is given in Table 

iii-6. There is no consistent pattern in the reported deviation. 

The major error is caused by the inability to predict the extent of 

oxidation of the surface with the 1% O . 

From this study it was concluded that air is the best regenera

tion gas at 677°C. Actual residence times for the 0.50-0.25-mm 

particles should be between 5 and 35 minutes. The 100 micron parti

cles used in a power plant with air as the regeneration gas should 

require the lower limit, 5 minutes. 

2. Low temperature-low 0 concentration. 
Low-temperature regeneration runs were made with 3.2-nna pellets. 

In Runs 13f, 16d, and 21d, temperatures were 260-288gC, and the 0_ 

In both Runs, 13f 



and 16d, there was an initial large SO- elution which decreased rapidly 

to zero. No O reacted after this step. When the catalyst was 

heated to 374°C more S0 2 eluted. The catalyst bed showed that only 

a f<sw of the pellets at the bed entrance had been oxidized. The 

remainder of the bed was not oxidized. No S« was collected. SO 

evolution may have been from FeSO decomposition. Evolved SO may 

have poisoned the remaining pellets for oxidation, explaining why 

only partial bed oxidation resulted. No SO or S eluted from Run 21d. 

Lower temperatures were used in Run 19e, 71°C, and Run 24g, 104°C. 

H_0 was present in the air mixture used in Run 24g. Oxygen at 1.3% 

was used in Run 19. Neither run produced any S or SO., either at 

these temperatures or when the catalyst %«is heated to 370°C. 

3. Summary of regeneration results. 

Regeneration of iron sulfide with oxygen to give iron oxide 

and sulfur directly does not appear possible. High tetnperature (677°C) 
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CHAPTER V. Process Design 

A. Overall Rate Analysis. 

1. Removal process. 

a. Defining equation for reacxors. 

In order to translate the experimental results obtained in a 

snai l , fixed-bed contactor to an operating system with a large, 

dispersed-phase contactor, a nsodel describing thi system behavior 

must be developed. The general expression which governs NO and 

SO, removal in both fixed and dispersed contactors is the following: 

jgL . e x p 1 . ^ ^ v . j 

where: Cag = gas concentration after residence time 6. 
CagQ= gas concentration at inlet conditions. 
Kj K overall reaction coefficient. 
9 - residence time of gas in the contactor. 
Pg = solid density within the contactor. 

The development and assumptions of this equation are given in 

Appendix A - 2. K. is a co.oposite function involving bGth mass 

transfer and kinetics. The value of Kj will be calculated for 

both fixed-bed and dispersed contactors in section B.b.l. The 

variables 9 and 03 are set by experimental conditions in the fixed-

bed work. In the dispersed contactor design 9 and pg will be ad

justed to give the required Cag/Cag . 

As will be discussed in section B.l.b.ii., although Cag/Cagg 

is the same for both contactors, the absolute values of Cag and 

Cag 0 for the experimontal work were slightly higher than the con

centrations found in practice. 
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b. Key process variables. 

The important process variables identified in the experi

mental study are listed below. 

1. Reaction temperature. 
2. Gas residence time. 
3. Particle size. 
4. Gas concentration. 
5. Gas composition. 
6. Solid composition. 

From the design equation, v - 1, two additional variables 

when scaling up will include: 

7. Mass-'transfer effects. 

8. Bed density. 

These variables are discussed in section B.l. of th i s chapter 

in a sl ightly different order. 

2. Regeneration process. 

a. Defining equations for regenerator. 

The experimental study showed that high-temperature regen

eration of the sulfide was needed to produce an active ca ta lys t . 

The model will therefore be similar to that developed by Guha 

(1972) foi *-he oxidation of FeS 7 . Expressing the extent of r e 

generation as the percent of FeS reacted to give Fe,0_ and S0_ 

the model becomes 

[r-7/4Cl- E ' )p=-Cag t] J 100 
% Solid reacted = 100 =—— 2 v _2 
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radius of part icles . 
0 concentration. 
overall reaction coefficient. 
time of solids reaction. 
volume fraction of par t ic le which is FeS 
molar density of FeS. 

The development and assumptions of this equation are given in 

Appendix A-3. K_ i s a composite function involving both 

mass transfer and kinet ics , 

b. Key process variables . 

The important regeneration variables found in the experi

mental study include the following: 

1. Regeneration temperature. 
2. O2 concentration. 
Z. Part icle size. 
4. Solids residence time in regenerator. 
5. Solid composition. 

From equation v-2, the mass transfer effects, as they influence 

K ,̂ will also be a variable of the process. These variables will 

be discussed in Section B.2. of this chapter. 

B. Discussion of the Variables. 

1. Removal reactions, 

a. Reaction temperature. 

All of the removal reactions occurred in the desired tempera

ture region of 370°C - 540CC. The upper level (540°C] i s the re

commended temperature of operation. At th i s temperature, catalyst 

deactivation due to sulfate formation i s inhibited, reaction kinetics 

are more rapid, and large differences between the temperature for re

moval and that for regeneration are avoided. 

t = 

Psm = 
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b. Kinetic and mass transfer effects. 

The overall reaction coefficient, K,, is a function which 

includes both kinetic and mass transfer effects. This is shown 

in the following relationship: 

Ki = (?TT— +

 g * , v-3 1 VV k n S k p r ex ra 

where: k = overall mass transfer coefficient. 
k = overall kinetic rate coefficient. 
S e x = specific external surface area of particles. 
Vp = specific volume of particles, 
n = kinetic effectiveness factor. 

CSee Appendix A-2 for development.) 

This expression, like equation v-1, assumes first-order 

dependence of the gas concentration on both the kinetic and mass-

transfer rates. In order to estimate the required density of 

solids in the dispersed contactor as well as the gas residence 

time in the contactor, K. must be evaluated for both the fixed 

and dispersed contactor. 

i. Fixed-bed contactor, 

(a.) Required residence time. 

Sulfur dioxide removal in a fixed-bed contactor proceeds 

until the bed has been almost completely sulfided. During sulfida-

tion there is an oxide/sulfide reaction zone which moves through 

the bed. Since breakthrough of sulfur compounds in the runs at 

540°C did not occur until the bed was almost completely sulfided, 

this reaction zone is much smaller than the bed length. The 
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sulfidation of iron oxide with SO- and CO in Run 42, Figure iv-41, 

resulted in sulfur compound elution only after 85% to 98% of the 

bed had been sulfided. Since the nominal gas residence time in 

the bed was 0.045 seconds, the gas phase removal process went to 

completion in the fixed bed in 0.0068 to 0.001 seconds. 

Nitric oxide removal is catalytic and will proceed until the 

bed becomes deactivated. The deactivation of catalyst/absorbent 

results when the catalyst is partially oxidized by 0_. Runs 

36b and 37b reported simultaneous removal of SO- and NO when the gas 

residence time was 0.030 - 0.034 seconds. Examination of the 

catalyst from both of these runs showed that only the last half 

of the bed was active. This meant that the reactive residence 

time for NO removal was less than 0.015 seconds in the fixed-bed 

reactor. A rare definitive residence time can be obtained from 

Figure iv-30 with the gas concentration profiles of Run 37b. In 

this run, the catalyst was poisoned, first eluting H„S then COS, 

S0„, NO, and 0_. If it is assumed that the bed was poisoned for 

*I0 removal when the first outlet NO was measured, at 110 minutes, 

then the extrapolated NO breakthrough, between 80 - 90 minutes, 

occurs after 73 - 82% of the bed is inactive. Therefore the 

residence time in the reaction zone is estimated at 0.005 -

0.008 seconds. 

These results confirm that in the experimental fixed-bed 

reactor the maximum required residence time for simultaneous NO 

and SO, removal is about 0.003 seconds. This is with at least 99% 
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removal of both NO and SO-. The minimum residence time for 99% 

removal was not obtained in this study. The reason for th is 

apparent lack of data is given in the next few paragraphs. Data 

extrapolation, which was discussed in the previous paragraphs, 

suggests that rimes as fast as 0.001 seconds may be the minimum. 

(b) External mass transfer rate estimation. 

The reaction residence times measured in the fixed-bed are for 

processes in which both kinetic and mass t ransfer rates are impor

tant . The gas phase mass transfer rates in the fixed-bed can he 

estimated from empirical correlations and then used to calculate 

the kinetic contribution to K,. 

Sherwood (1974) presents an empirical correlation for external 

mass transfer in fixed-beds when the par t ic le Reynolds Number [Re ) 

is greater than 1.0. 

J D = 1.17 ( R e p ; ) " 4 1 5 v - 4 

Since the experimental Re in the present work is less than 1.0, 

this expression, representing an upper bound, and the correlation based 

on one experimenter's data, (Sherwood, 19741 representing the lower bound 

were used, for obtaining the value of J , the mass transfer j - fac tor . 

The mass transfer coefficient i s related to J by the following 

equation: 



1X0 

where: Jp = mass-transfer j factor. 
Jf = external mass transfer coefficient. 
S c = Schmidt Number 

M.VP = Interstitial velocity past particles. 
(Sherwood, 1974) 

In addition to k , the Sherwood Number for mass transfer, Sh, is m 
also calculated. Table v-1 presents the calculated k and Sh for 

m 
the listed conditions. 

Table v-1 Calculated k and Sh for the fixed-bed contactor. -n 
Bed Density = 1.172 g/cm 
Diluent, Helium 400 cm^/min @ 23°F, 1 Atm. 
Temperature = 538°C 

Diameter, d (mm) 0 2S0 0 500 

% 
high 

0 304 

low high 

0 60S 

low 

JD 1.92 0.22 1.44 0.60 

k m (cm/sec) 225 25.8 169 70.3 

Sh = (k d /D) 1.63 0.187 2.44 1.02 

The expected range for k for the 0.250-mm particles is 

25 - 255 cm/sec and for th^ 0.500-ram particles is 70 - 169 cm/sec. 

The lack of more experimental data below a Re of i.O prevents 

the narrowing of these ranges. 

The reaction kinetics, to be discussed in section B.l.b.i. C*0, 

were significantly influenced by the external mass transfer limita

tions. The NO and SO., removal reactions rates were so rapid 

that it was impractical to design an experimental unit which would 
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be free of external mass transfer limitations. In order to have 

such a system, the feed velocity would have to be substantially in

creased. This would mean, at a constant SO, concentration and bed 

volume, that bed sulfidation would occur much more rapidly, hence 

limiting the amount of sampling before sulfur compound breakthrough. 

As it was, in the runs with the shortest residence time and with 

the lowest possible inlet SO (about 0.5%), only two samples could 

be taken before breakthrough. Increasing the bed volume would not 

help since the total feed of SO- to the bed would have to be in

creased proportionately to maintain the same residence time. Con

tinuous gas monitors with a higher sensitivity would have allowed 

operation of a small scale system which was free of external mass 

transfer limitations, 

(c) Reaction rate estimation. 

Equation v-3 has presented the model for the overall reaction 

coefficient K,. The values of S k can be estimated based on the 1 ex m 
previous section. The value for K, can be calculated from equation 

v-1 using the experimental data obtained in this work. Given these 

two parameters, the value of the solids rate constant, V k n, can 

be estimated in equation v-3. These values are given in Table v-2. 



Tnble v - 2. Estimation of spUds rate constants for removal roactions in the fixed-bed contactor. 

(Run 42. Discussed soction i.(a.) Q Figure iv - 41) 

Bod Density •= 1.172 g/cm 
Diluent, Helium 400 cm /min 9 23°C, 1 Atm. 
Temperature = 538°C 
C „/C •= 0.010 OS ag 0 

Residence time = 0.008 soc (max); 0.001 sec (min) 

Particle Size [mm) 

Kj (cm /g-soc) 

Vpk n (ci,, /g-sec) 

0,250 

Mj;h 

30,130 

(max) (min) (max) (min) 

3,929 491 

4,518 499 

0 500 
low hi£h low 
,457 ll, 323 4,710 

J (mln) (max) (min) (max) (min) 

9 491 3,939 4 31 3,929 491 

572 6,017 513 23,695 548 

* K, S k 5 combination not possible, 
1 m ex ' 



A range for V k j i s reported instead of one number for each 

part icle size since neither k_S n o r *H could be determined 

accurately. For a l l cases except one, the par t i c le rate appears 

to be the ra te controlling step. 

i i . Dispersed-bed contactor. 

(a.) External mass transfer rate estimation. 

Dispersed-bed contactors can range from a Huidized bed with 

void fractions close to 0.60 up to highly dispersed systems with 

void fractions very close to 1.0 (Reh, 1971). Separate mass t rans

fer correlations have been developed for dense-phase and di lute-

phase contactors. Kunii and Levenspiel (1969) present correlations 

for fluidized beds: 

Sh = 0.374 Re i * 1 8 0.1 < Re < 15 v-6 
P P 

Sh = 2.01 Re ° ' 5 15 < Re < 250 V-7 
P P 

and for a single shpere. 

At a Re of 1.0 the Sh for a fluidized bed would be lower 

than that for a single sphere. The theoretical value for Sh for 

a single sphere in an infinite stagnant medium i s 2.0. Since 

equation v-6 would predict lower values, the val idi ty oi" equation 

v-6 is questionable when studying anything but dense-nhase fluid 

beds. In dense fluid beds, as in fixed beds, the interaction of 

concentration gradients may result in the Sh being less than 2.0. 

However, the proposed type of contactor is a d i lu te dispersed-



phase system. As a conservative estimate of the mass transfer 

under these conditions the last terms in equation v-8 will he 

deleted. Therefore, 

Sh = 2.0 v-9 

will be used to estimate the mass transfer coefficients. Since the 

Table v-3 • Estimation of mass transfer coefficients for a dis-
persed-phase contactor. 

T = S38°C, Diluent = N 2, Sh = 2.0 

Diameter, d (mm) 0.050 0-075 0.100 0.150 

k (cm/sec) 459 306 229 153 

k S (cnfVg-sec) x 10 S 3.18 1.37 .792 0.325 
m ex v e ' 
Section B.l.b.ii. (c.) will give a discussion of the reason for 

selection of these particle sizes, 

[b.) Reaction rate estimation. 

In the discussion of the fixed-bed data above, an estimate 

of the solids rate parameter was made for the catalyst tested. 

The catalyst used in the dispersed contactor will be slightly dif

ferent than the one on the fixed-bed case. It will still have 20% 

ferric oxide but will have an alumina-silica matrix instead of 

only alumina. The latest commercial alumina-silica matrix crack

ing catalysts have surface areas (S ) around 200 m /g (Russaw, 1972). 



The exper imental c a t a l y s t had an S of 41 ra / g . Th i s means t h a t 

an i nc r ea se i n t h e s p e c i f i c volume can be expec ted in going from 

t h e f ixed-bed u n i t t o t h e d i spe r sed phase c o n t a c t o r wi th t h e newer 

c a t a l y s t . The i n c r e a s e in V w i l l not be p r o p o r t i o n a l t o t h e 

inc rease in S . A comparison of two commercial Harshaw c a t a l y s t s 

was used t o e s t i m a t e t h e new V . Table v-4 p r e s e n t s t h e d a t a . 

Table v - 4 . e s t i m a t i o n of s p e c i f i c pore volume of h i g h su r face 
a r e a c a t a l y s t (Harshaw, 19731. 

2 3 l n ^ 1 ^ 2 ) 
Ca ta lys t S ^ t f / g ) V p (cm 3 /g ) x = l n ^ ^ 

1. Fe-0301T 1/8 41 0.31 
0.4878 

2 . Fe-0303P 105 0.49 

The loga r i t hmic p x o p o r t i c i . n l i t y c o n s t a n t , x # i s u sed t o c a l c u l a t e 

t h e new V of 0 .67 c c / g . The r a t i o V _/V . i s t h e n 2 . 1 6 , where 1 p 6 pZ p i 

denotes exper imenta l c a t a l y s t and 2 denotes new c a t a l y s t . 

P r e d i c t i n g t h e e f f e c t i v e n e s s f a c t o r fo r t h e r e a c t i o n s with 

t he s o l i d in a d i s p e r s e d phase i s somewhat more d i f f i c u l t . Pe tersen 

(196B) p r e s e n t s an equa t ion for t he e f f e c t i v e n e s s f a c t o r for a 

f i r s t - o r d e r r e a c t i o n developed for a s p h e r i c a l p e l l e t : 

" = 2, It*. 1!., - i s J 

[P S k 1 '• 
P v r Da J 

v-10 

t h i e l e modulus 

p = p a r t i c l e d e n s i t y . 
S = s p e c i f i c sur face a r e a . 



De = effective diffusivity = p— + = 
he D

1 2 , e 
k = reaction rate coefficient, r 
r = particle radius. 

When intraparticle diffusion is controlling, the asyrapotic solution 

to equation v-10 becomes: 

n - 3/h v-11 
s 

for n = h /3 > 3 v-12 
3 

The effectiveness factor is a ratio of the average rate of 

reaction or adsorption in the pellet to the maximum rate if intra

particle diffusion were absent. Since the maximum rate is unknown, 

one way to determine whether intraparticle diffusion is rate 

controlling is to calculate the ratio of the rate predicted by intra

particle diffusion and compare that with the overall rate measured. 

This ratio is simply the effectiveness factor using the rate coef

ficient determined from experiments instead of the actual kinetic 

rate coefficient. The values of K, (Table v-2) , divided by the 
4 2 catalyst specific surface area (41 x 10 cm /g) giv~ the pseudo 

k for the conditions of that run. At 538"C in He with a calculated 

diffusion rate to the overall rate is 0.95. Since this value is 

close to 1.0, the overall particle rate is strongly diffusion 

controlled. This implies that the variation of n will be represented 

by the following equation: 

1/2 De 
p S k p v r 

v-13 
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The largest contribution to De was the Knudsen diffusion 

V coefficient which varies with z / ( S D ) CSatterfield, 1963). The 

apparent density can be expressed as 

P = Pstl-e) v-14 

where: p„ = absolute solid density. 

e = particle porosity. 

With the above proportionalities for n, De, and p and with 

2 200 m /g catalyst can be expressed as a function of the original. 

n 2 = 0.44n1(r1/r2) v-lS 

where: subscript 1 denotes experimental conditions. 

subscript 2 denotes dispersed conditions. 

The new product k V n will be 
r r p 

^ p ^ r ^ 1 1 ^ 1 1 ^ 3 ^ 2 - 1 6 3 ^ - 4 4 ^ 1 7 ^ - 0 - 9 5 7 ^ ^ ^ ) ! 

v-16 

The factor 0.957 in equation v-16 shows that the reaction rate 

will be essentially the same for both the experimental rjid the new 

catalyst matrix. The calculated values for (V nk ) ? are given in 

Table v-5 for various particle sizes. Table v-2 is used to obtain 

conditions for case 1. An average particle si2e, d. = 0.37S mm 

is used. Two values for CV nk ), ?re used, 4518 and 533 cm /g-sec. 

These are the values of the lowest maximum value of [V nK ). and 

the average of the minimum (.V ~\k ), values. This analysis assumes 

that n will be much less than 1 at the new conditions. 
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Table v - 5 . Est imation of d i s p e r s e d phase s o l i d s r a t e c o e f f i c i e n t . 

d., (mm) 0.050 1J.075 0.100 0.150 

max min max min max min max min 

[V nK ) 2 [cm/g-sec) x 1 0 J 32.4 5.83 2 ] . 6 2.55 16.2 1.91 10.8 1.28 

( c . ) So l ids c o n c e n t r a t i o n . 

The es t imates of t h e m a s s - t r a s f e r and s o l i d s r a t e c o e f f i c i e n t s 

fo r t he d ispersed phase a r c combined hy way cf equa t ion v -3 i n t o 

a va lue for K.. K. can then be used in equat ion v-1 t o de te rmine 

t h e r equ i r ed d i spe r sed phase c o n c e n t r a t i o n as a func t ion of p a r t i c l e 

s i z e and r e s idence t ime . Table v-6 summarizes t h e s e r e s u l t s . 



Table v-6. Required dispersed-phase density as a function of residence time and particle diameter. 

Temperature = 538°C 
C „/C_„ " 0.10 
eg "Bo 

Diameter (ran) 

I^S^ (cm3/s-sec) x 1 0 5 

V nk r (cm /s-sec) x 10 

K t (cm3/B-sec) x 10 3 

6 (sec) 

8 (sec) 

p„ (s/cm3) x 10" 3 

6 (sec) 

p„ (g/cm 3) x 10' 3 

0. 050 0.75 0, ,100 0. .150 
3 .18 1.37 0. ,792 0, ,325 

max rain raax min max min max min 
32.4 3.83 21.6 2.55 16.2 1.91 10.8 1.28 

29.4 3.78 18.6 2.50 13.4 1.87 8.11 1.23 

0.500 0.500 0.500 0.500 0.500 0.500 0.500 0.500 

0.157 1.22 0.248 1.84 0.344 2.46 0.568 3.74 

1.00 1.00 1,00 1.00 1.00 1.00 1.00 1.00 

0.07B5 0.610 0.124 0.920 0.172 1.23 0.284 1.87 

2.00 2.00 2.00 2.00 2.00 2.00 2.00 2.00 

0.0193 0.305 0.062 0.460 0.086 0.615 0.142 0.935 
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With a catalyst /absorbent size distribution between 0.050 - 0.150 

mm and a 0.5-second residence tine, the required bed density will 

be between 0.16 x 10~° and 3.7 x 10~ g/cm . With a 1.0-second 

residence time for this same size distribution, the range of the 
-3 -3 3 

bed density would be between 0.079 x 10 and 1.87 x 10 g/cm . 

Existing power plant duct work allows for about 0.5-second resi

dence time. Duct modifications could increase this time to 1.0-

seconds if necessary. The I-second residence time is chosen for 

the design basis. This criterion will be discussed in the next 

section. Therefore, the required bed density will be between 
-3 -3 3 

0.079 x 10 and 1.87 x 10 g/cm . With a catalyst particle 

density of 1.79 g/cm , the void fraction, e, ranges between 

0.99996 and 0.99895. Since the e for normal fluid bed operation 

is less than 0.70, the contactor required for the entire range of 

void fractions would have the solids highly dispersed (Reh, 1971). 

The specific design presented in Section D.4. of this chapter has 

a catalyst/absorbent loading of 0.185 x 10~ J g/cm (1.14 x 10~ 

lbs/ft ), which is 2.3 times as concentrated as the minimum and 

0.10 times as concentrated as the maximum. This concentration 

lies within the acceptable, experimentally determined range. 

The MnO, dry absorption process for SO, removal (lino, 1971) 

uses a dispersed phase of MhO_ at 100 to 180°C to absorb and re

move S0_ from oil-fired power plant stack gases. The concentration 

of solids in this process has a range, 0.15 x 1 0 - 3 g/cm to 0.20 x 

10 g/cm , roughly the same as that used in the proposed process. 
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An S0_ removal of 90% is claimed. Since the proposed process will 

operate at 540°C1 mass transfer and kinetic rates should increase 

substantially over the MnO- process. In view only of these con

siderations, the proposed solids concentration should be quite 

adequate. 

(d.) Residence time in contactor. 

The initial discussion of residence time was the tine that it 

took the flue gas to pass from the economizer inlet (540°C) to the 

air preheater inlet (370°C). The experimental studies showed that 

the best operation would be obtained at 540°C. The residence time 

normally available at S40°C will vary with the unit. Heil (1972) 

reports that the flue gas velocity in this region varies from 22.9 

m/sec (75 ft/sec) for high volatile eastern coals to 13.7 m/sec 

(45 ft/sec) for coals with highly abrasive tendencies. An average 

value of 15.2 m/sec (50 ft/sec) is selected for design purposes. 

Typical distances in coal-fired units at 540°C correspond to re

sidence times around 0.20 seconds (Steven? , 1974). Table v-6 

shows that to achieve nearly complete reaction at low solid densities, 

higher residence times are needed. The reaction constants presented 

in this table show that 90% removal can be achieved in 1 second 

with low solids density. Typical velocities in this region would 

require then that about 15.2 m (50 ft) of ducting be added. This 

would be a reasonable addition to a unit. Additional residence 

time may also be obtained. First, the gas and solids must pass 
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through a solids separator at th is temperature. Second, the 15.2 

m/sec velocity is typical ly that within the economizer section. 

In the free duct i t would be reduced to about 13.4 m/sec. This 

additional residence time (possibly 0.20 seconds) provides some 

margin of safety. 

Equation v-1 showed that the residence time and bed density 

can be adjusted to give a constant removal, i . e . , increasing the 

bed density by a factor of 2 would enable the residence time to 

be cut by one half. Therefore, the actual amount of removal for 

a given residence time can be controlled by the sol ids density, 

i . e . , the recycle solids ra te , within the contractor. 

(e.) Particle s ize . 

Mass transfer and kinetic effects were shown to require a 

catalyst/absorbent s ize distribution between 0.050 - 0.150 mm. 

Sizes smaller than th i s range would tend to enhance the reaction 

rates and hence the overall ra te , since the par t i c le rates 

are the rate-l imiting step. The difficulty with smaller particles 

is that they would be more difficult to collect in ei ther cyclones 

or electrostat ic pxecipitators and they would also be more difficult 

to separate from the flyash in pulverized coal-fired units . 

A typical flyash size distribution for pulverized coal-fired 

furnaces i s given in Table v-7. The average size i s 20 microns. 

Table V-7 also l i s t s the size distribution for a typical commercial 

fluid-bed cracking catalyst to i l lus t ra te the range of part icle 
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sizes when the average size is 58 microns. 

Table v-7. Particle size distribution of P.C. flyash and 
Si - Al cracking catalyst. 

Flyash (USDHEW, 1969] 

Size (microns) Wgt % less than 

10 30 
20 50 
40 70 
60 80 
80 85 
100 90 
200 96 

Catalyst (Gussow, 1972) 

Size (microns) Wgt % less than 

20 <2 
40 13 - 20 
80 78 - 85 
105 93 - 97 
149 99+ 

With a catalyst/absorbent of this size distribution, there is 

definitely significant overlap. If an average size of 75 microns 

is used, a better separation of catalyst/absorbent and flyash will 

be possible without significantly effecting the mass transfer and 

kinetic rates. Table v-8 presents a size distribution for such a 

catalyst. 

Table v-8. Size distribution for catalyst/absorbent with average 
size 75 microns. 

size Cnicrons) Wgt % less than 

10 <0.2 
20 0.9 
40 6 
60 28 
80 56 
100 77 
200 100 

This distribution was obtained by extrapolating the data of Gussow 
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(1972) on a log/probability plot of part icle size versus cumulative 

percent. Although there i s s t i l l some overlap between th i s d is

tribution and normal flyash, i t is not as significant . That i s , 

flyash has 70% less than 40;i while the catalyst/absorbent has 6% 

less than 40p. 

In addition to the kinetic and mass transfer l imits on larger 

sized part icles, the influence of part icle size on catalyst a t t r i t ion 

is also important. Zenz (1971, 1974) reports that catalyst a t t r i t ion 

results primarily from high velocity impact. He found that a t t r i t ion 

occurred mainly from breakdown of coarse par t i c les : fines (less than 

44 microns) do not get finer. In fluid-bed cata lyt ic cracking units 

he found that essential ly a l l of the a t t r i t ion occurred in the cyclones. 

Thermal cycling (between S0D°C and 6S0°C) as well as a t t r i t i on in the 

dense phase fluid beds contributed l i t t l e to the overall a t t r i t ion 

rate of Si/Al ca ta lys ts . In laboratory experiments, Tanaka (1968), 

found that below a c r i t i c a l part icle size, the ra te i f part icle 

breakup drops essential ly to zero. The c r i t i c a l par t ic le size de

creased with impact velocity and increased with material strength. 

However, in a l l cases the c r i t ica l size was in the vicini ty of 50 

microns. Therefore a t t r i t i on considerations would require particles 

with an average diameter around 50 microns. 

Flanders (1974) has reported that a commercially operating 

SiO_/Al_0„ cracking catalyst with an average par t ic le size of 60 

microns has an a t t r i t i o n loss of about 0.004% of the material sent 

into the cyclones. High-velocity, 22.3 m/sec (75 f t / sec ) , cyclones 
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are used in the proposed process. The catalyst has a Hoh hardness 

of 6. Forsythe 0-949), Gwyn (1969), and Gussow (197*.) all discuss 

relative rates of attrition between various catalysts tested but 

do not give any absolute value for the attrition rates. 

Since an average particle size of 75 microns is desired from 

the standpoint of particle separation and collection, an estimate 

of the expected attrition rate needs to be made. The data of 

Flanders (1974) is used as the starting point and the relationship 

between particle-size distribution and attrition rate found by 

Gwyn (1969) is used to predict the rate with an average size of 

75 microns. Unlike previously quoted investigators, who found 

that in this size range the attrition rate increased with increas

ing particle size, Gwyn's correlations indicate a 14% decrease in 

the rate. This would predict an attrition loss of 0.0034%. Since 

there appears to be some uncertainty as to the validity of this 

decrease, the attrition rate is taken as 0.004% of the material 

entering all the cyclones in the process, 

(f.) Gas concentrations. 

The removal rates presented in section A.l.a. assumed first-

order kinetics for all reactions. Equation v-1 shows zhat with this 

assumption the level of concentration of the reactants does not 

effect the percent removal. Therefore, if this assumption holds, 

even though most of the experiments were carried out at NO and 

S0 2 concentrations 10 times and 2 times, respectively, those en

countered in practice, the results will still be applicable. 



Shelef (1972) found that when the NO concentration was decreased 

from 4000 ppm to 250 ppm, NO conversion actually increased from 

80* to 100 %. Copper chromite catalyst a t 505°C with 1.4% H_ was 

used. With th i s large excess H_, the NH, se lec t iv i ty increased 

from 20% to 95% when the inlet NO was decreased. The major effect 

of a lower NO concentration would possibly be an increase in the 

NH, formed. The extrapolation of the S0_ data over a factor of 

2 is reasonable and should present no d i f f i cu l t i e s . 

(g.) Gas and solid composition. 

Experiments summarized in Figure iv-33 have shown that the 

solid and gas composition are both important variables in deter

mining NH_ se lec t iv i ty . Increasing the sulfide content of the 

solid or the amount of CO + H, in the gas stream increases the 

NH- select ivi ty. Increasing the oxide content of the solid or 

the amount of 0, in the gas stream decreases the NH, selectivity. 

To have a low NH, select ivi ty would require high oxygen levels 

in both the solid and the gas. These trends go counter to the re

quirements for effective NO and S07 removal. The balance of these 

variables i s such that the minimum NH- se lect iv i ty is about 50%. 

This results in acceptable sulfur loadings on the solid and reduc

ing agents in the gas to allow self-sustained regeneration and 

effective removal reactions. Solid and gas compositions cannot 

practically be selected to minimize NH_. Ammonia emitted from 

this process is well below current allowable levels , and is not 



considered an environmental detriment. This i s discussed in more 

detail in Chapter VI. The important consideration for the gas 

composition i s that i t he at least net reducing. This means 

that the ra t io 

0 2[0j+[HO> 3[S0^| 

R = P F F 3 v" 1 7 

should be e-uial to or less than 1. Values greater than 1 may 

result in eventual catalyst deactivation. 

The allowable solid composition will be determined by both 

the removal and regeneration processes. In the fixed-bed experi

ments only an averaged solids composition, at the end of the 

run, could be estimated. The range of compositions within the 

bed varied from highly sulfided at the bed entrance to slightly 

sulfided at the bed exit. In tests with the smaller particles 

the reaction rates , discussed in section B.l.b.i., were so 

rapid that apparently the percent sulfidation of the solid had 

no significant effect on the removal rate of sulfur compounds, as 

long as the solid was less than about 85% sulfided. The biggest 

influence of the solid composition on NO removal was the level 

of sulfate. The experimental work showed that for active catalyst/ 

absorbent the sulfate level could reach 15% of the total sulfur 

reacted. 

Excess Fe 0_ will also be needed in the catalyst/absorbent 
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to remove the excess CO and H,. The amount required is arbitrarily 

set at 110% of the stoichiometric requirement for reduction of the 

excess CO and H,. 

The level of sulfide in the solid is also important from the 

standpoint of regeneration. In the regenerator a net exothermic 

reaction is desired to maintain the high temperature. Exothermic 

reactions are the oxidation of FeS to SO, and Fe, 0* and the oxida

tion of FeO to Fe ?0_. The decomposition of any FeSO. formed in 

the removal process and heating requirements for the solids and 

air are endothermic loads. Given the limits for FeSO. and Fe_0_ 
4 2 3 

in the removal step, the minimum amount of FeS necessary can be 

calculated from an energy balance. From an operational stand

point, the amount of FeS should be substantially higher than this 

mininnrm to allow for system fluctuations. Any excess heat generated 

will be removed and used in another part of the process or in the 

power plant. 

2. Regeneration reactions. 

a. Regeneration temperature. 

High temperature regeneration, producing SO- and Fe_0 f was 

found in the experimental work to produce an active catalyst. The 

lowest temperature suitable was 680°C. The upper temperature limit 

will depend on catalyst sintering effects and materials of con

struction. Harnsberger (19741 reported sintering of SiO-Ml-D. 

catalytic cracking catalysts around 760°C. The upper limit for 
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castable-lined stainless steel is also about 760°C. Therefore, 

acceptable regeneration temperatures range between 680 - 760°C. 

The temperature level attained will be a function of the solid 

composition and the heat either removed or added to the system. 

b. Kinetic and mass transfer effects. 

i. Fixed-bed regenerator. 

(a.) Required residence time. 

In the experimental study the required regeneration time for 

the 0.250 - 0.500 mm particles was between 300 - 2100 seconds when 

air was used as the regeneration gas. 

(b.) Mass transfer and reaction rate estimation. 

In section B.l.b.i. the gas phase mass transfer in the removal 

study was found in all practical cases to be more rapid than the 

estimate of th*j particle reaction kinetics. Since higher gas 

reaction temperatures were used in the regeneration study 

than in the removal study, the gas phase mass transfer was probably 

not rate-limiting in the former case. Higher temperatures will also 

increase the reaction kinetics to a greater extent than intraparticle 

diffusion. This means that, as in the removal step, the regeneration 

step will probably be controlled jy the intraparticle diffusion rate. 

Equation v-2 expresses the extent of regeneration as a function 

of particle kinetics, residence time, and particle radius. The 

overall rate coefficient, K,, can be estimated from experimental 
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d a t a . This i s shown i n Table v - 9 . The range of K 2 p r e s e n t e d r e s u l t s 

from t h e u n c e r t a i n t y i n t h e % s o l i d r e a c t e d and i n t h e t ime r e q u i r e d . 

The maximum range of K_ i s expected t o he between O.0669 and 0.00326 

cm/sec. 

-3 3 
4 .58 x 10 g moles FeS/cm c a t . 

Fable v - 9 . Overa l l c o e f f i c i e n t fo r f ixed-bed r e g e n e r a t i o n . 

1-E = 0.950 

Cag = 2.69 x 10~ 6 g moles/cm'' 

Diameter (cm) 0.0250 0.0500 

% s o l i d Teacted 90 99 90 99 

t ime (sec) 300 2100 300 2100 300 2100 300 2100 

Kj x 1Q" 2 (cm/sec) 2 .29 .326 3.34 .478 4 .57 .653 6.69 .956 

ii. Fluidized bed regenerator. 

The regenerator will be a fluidized bed which will function 

as a reactor to oxidize the solid to Fe-0, and as a classifier to 

separate the flyash and the catalyst/absorbent. The catalyst/ab

sorbent size distribution will range between 50 - 100 microns. 

The reasons for this range are given in section B.l- The main de

sign parameter? to be determined are the residence time at tempeature 

necessary to regenerate the catalyst/absorbent and the air velocity 

in the bed. 

The entrmt. velocity of small particles in a continuous fluid 

bed is reported to be higher than the terminal velocity of an iso

lated particle. Lewis [1949) found this effect for particles less 



than 0.25 mm. Table v-10 p r e sen t s e n t r n t . v e l o c i t i e s for both 

f lyash and c a t a l y s t / a b s o r b e n t a t r e g e n e r a t i o n c o n d i t i o n s . 

Table v -10 . F-ntrmt. v e l o c i t i e s of f l ya sh and c a t a l y s t / a b s o r b e n t 
under conditions~~of con t inuous r i u i d i z a t i o n . 
CCorrelation of Lewis, 1S49)~ 

PCAT/ABS = X " 7 9 g / c r a 3 (Entrmt. = Entrainment) 

pj. A = 0.84 g/cra J 

T = 538°C in N, 

Flyash Catalyst/Absorbent 

Diameter Cnna) .020 .100 .020 .040 

Terminal velocity 
(ram/sec] 

S.0S 127 10.8 43.3 

Entrmt. velocity 
Cmm/sec) 

66 293 140 333 

Based on t h e f l y a s h d i s t r i b u t i o n i n Table v - 7 , and t h e c a t a l y s t / 

absorbent d i s t r i b u t i o n in Table v - 8 , a bed v e l o c i t y of 333 nnn/sec 

(1.09 f t / s e c ) would r e s u l t in e l u t i n g a t l e a s t 90% of t he f lyash 

and only 6.0 f6 of the c a t a l y s t / a b s o r b e n t . The cyclone banks would 

be ar ranged so t h a t the primary cyclones c o l l e c t t he major i ty 3f 

t he c a t a l y s t / a b s o r b e n t and the secondary cyc lones c o l l e c t t he f l y a s h . 

The s o l i d s s t r eam from the primary cyc lones i s sent back i n t o t h e 

system. The s o l i d s stream from the secondary cyclones i s d i s c a r d e d . 

The n e c e s s a r y res idence t i n e for t h e c a t a l y s t in the r e g e n e r a t o r 

can be e s t ima t ed from equation v - 2 . The v a l u e s for p_ , 1-c' and 

C used i n t h e s e c a l c u l a t i o n s a r e t y p i c a l o f an a c t u a l des ign 
ago - r a 

case. Since a range for JL, was found experimentally, (Table v-9), 

a corresponding range for t will be given with each particle size. 



Table v-11. Estimated catalyst/absorbent regeneration time under 
continuous fluidization conditions. 

P, = 1.414 x 10" J graoles FeS/cm3 Cat. 
sm ° 

1-E' = 0.9863 
Cag = 2.69 x 10 gmoles/cm 

Diameter (cm) 0050 0100 0150 

K 9 (cm/sec) .00326 .0669 .00326 .0669 .00326 .0669 

t g g , . (see) 367 17.9 732 35.7 1098 53 .6 

c 99 .9% i 5 e c 5 421 20 .5 840 41 1260 61 

The ranges of acceptable residence tines for 99.9% regeneration from 

Table v-11 for the catalyst/absorbent is 20 - 421 seconds and 61 -

1260 seconds depending on the particle size. The upper limit in 

both of these ranges is high only because rapid gas sampling during 

experimentation was not possible. One would expect that the re

generation time and suifidation time would be at least similar in 

magnitude since both are controlled by intraparticle diffusion. 

The regeneration rate could be higher than the sulfidation rate since 

the 0, concentration during regeneration will be about 80 times the 

SO., concentration used in the experiments. 

In Rim 42, Figure iv-41, the sulfidation of the solid was 

reported to occur very rapidly. The elution of sulfur compounds in 

Run 42 occurred only after 85 - 98% of the bed had been sulfided. 

Since the calculated COS breakthrough (assuming FeS formed) was 4920 

seconds, the sulfidation time of the solid was 100 - 740 seconds. 

With a hiRher concentration of reactant in the gas, 21% instead of 
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0.53%, the time would be between 2.5-18.7 seconds. This discussion 

shows that the lower range of residence times for regeneration pre

sented in Table v-11 correspond more closely to the actual case than 

the upper range. For design considerations a solids hold-up time 

of 300 seconds will be provided to ensure complete regeneration. 

C. CO and Hn Generator. 

1. Practical considerations. 

The discussion in Chapter I showed that an excess of CO and 

H, can be produced when fossil fuels are burned in an 0_-deficient 

environment. The f i r s t requirement i s that the fuel used to produce 

the C0/H_ mixture be the same as the fuel used in the plant. This 

minimizes fuel, storage, handling and conveying equipment. The 

second requirement is that the heat of the gasification be recovered 

in the boiler cycle. The third requirement i s that carbon and soot 

formation be minimized in the gasifier. 

2. Type of generator. 

Recent restrictions on the use of natural gas have essentially 

eliminated the construction of new natural gas-fired power plants. 

New fossil-fueled power plants will burn almost exclusively oil or 

coal. The generator for CO + H-, must also be designed to be fueled 

by oil or coal. A fluidized bed of limestone (EPA. 1971) could be 

used in the case of oil and a coal-fired stoker unit could be used 

in the case of coal. In either case the unit should operate 
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adiabatically, the heat of reaction being recovered in the boiler 

convection pass. 

Under reducing conditions, both oil and coal have the potential 

to form soot. In the detailed design, the considerable experience in 

the production of producer gas will be drawn upon to minimize soot 

formation in the gasif ier . Once the carbon has been oxidized, 

equation v-18 shows that the CO combination reaction to give C and 

Cecal} Cfccal) (kcal] 

-41.2 -0.81 +14.2 v-18 

In order to minimize the amount of carbon formation in the main 

flue gas when coal or o i l i s burned, the main combustion zone of the 

furnace will be operated under oxidizing conditions. At roughly 

1100°C, a rich stream of C0/H- produced in a fuel gasifier will be 

added to convert the flue gas to net reducing stoichiometry. This 

pregasification of a portion of the fuel will prevent carbon forma

tion in the main flue gas stream. The amount of fuel gasified will 

depsnd on the CO/H, requirements to accomplish the removal reactions. 

Since the design presented in section D.is for a coal-fired plant, 

only the chain grate stoker design will be discussed in de ta i l . 

The gasifier will operate with an amount of a i r just sufficient 

to convert the carbon to CO and the sulfur to S0_. In actual prac

t ice , with high CO levels , the sulfur will probably be in the ford 

of H_S. Designing for S0 ? formation provides for a conservative 
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design since th i s requires more CO and H-. The conversion of fuel 

H to MO was assumed to be 20%. Under the actual reducing conditions 

in the gasifier th i s value nay be much lower. The H_ content of 

ti»e gasifier streams is taken as the amount of H0 in the fuel. The 

actual amount of H? present after the gasifier stream has mixed with 

the flue gas will be a function of the equilibrium established by 

the water-gas shift reaction. Figure v-1 shows the H_/C0 established 

when th i s gasif ier stream is mixed with a t jp ica l coal flue gas, 

where C0-/K9C i s 2.14. Above 1100°C, the H-/CO ra t io is around 

0.20. Therefore, the major reducing agent will be CO. With oil-f ired 

units there wi 1 be slightly more H_ present but s t i l l the major 

reducing agent will be CO. 

D. Design Bases. 

1. Process flow sheet. 

To obtain an evaluation of the merit of the proposed process, 

the conceptual design discussed in Chapter I i s combined with the 

experimental resul ts of Chapter IV to produce the detailed design 

of a system to remove SO and NO from a 1000-Mw coal-fired power 

plant. The flow sheet for this design i s presented in Figure v-2. 

The stream flows and temperatures are presented in Table v-12. This 

version of the process uses a sulfuric acid plant for sulfur re

covery. 

In the discussion of the experimental work in Chapters I I , I I I , 

and IV, the metric system of units has been used. In the discussion 
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o o 
CM 

X 

500 900 1300 
Temperature °C 

1700 

XBL746-3395 

Fig. v -1 . Equilibrium H7/CO ratio in Que gas for oil and coal units. 
H,+CO 

Oil: ( C O z / H z O ) a v g = 1 . 3 8 , H ^ + C 0 2 = 0.0004082 

H-tCO 
C o a l = ( C O 2 / H z O ) a v g ^ 2 . 1 4 , H z 0 + c 0 z = 0.0004545 
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IBLT4G-3399 

Fig. v-2. Simultaneous NO and SO™ removal process. 
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of the plant design and throughout the remainder of this chapter, 

the English system of units will be used because of its greater 

ease of interpretation by most engineers. The removal reactions 

reported between 370 - 538°C are between 700 - 100Q°F. The regenera

tion reaction at 677°C is at 1250°F. Equipment dimensions are 

given in inches and feet. Flow rates are given in pound moles per 

hour (Ibraphr) or tons per hour (Tph). Densities and concentrations 

are given in pounds per cubic foot (lbs/ft ). 

2. Materials flow. 

The bases for the design are presented in Appendix 

A - 4. Table v-13 gives a listing of the calculations used to 

develop this design. The gas compositions at key points in the 

process are given in Table v-14. 



Table v-13. Calculation flowsheet. 

Select 

1. Furnace 
Coal composition. 
Excess a i r level 
Inlet a i r humidity. 
Power plant efficiency. 
% fuel N to NO 
% thermal NO of to ta l NO 

ash sp l i t between flyash 
and bottoms. 

2. Gasifier 
Coal composition. 
Excess air level 
Inlet air humidity. 
% fuel N to NO. 
% thermal NO of total NO. 
Ash split between flyash 

and bottoms. 

3. Total flue gas 
% 0? removed in flue gas 

when C0/H2 added. 
Maximum temperature of 

superheater inlet, 

4. Contactor 
% Removal (CO + H2), S0 2, NO. 
% S0 2 removed as S~2. 
% S0 2 removed as SO4"2. 
Temperature. 
Fraction of solids sent to 

regenerator. 
Amount of excess Fe_0_. 
Composition of original solid. 

5. Regenerator 
% Inlet solid regenerated. 
Temperature. 
Stoichiometric air requirement. 

210 

Calculate 

Thermal value of coal. 
Total coal rate 
Furnace flue gas composition. 
Rate of flue gas and required 

CO/H2 flow per wgt 
furnace-fired-coal. 

Adiabatic operating temperature. 
Gasifier gas composition. 
Thermal value of coal. 
Rate of flue gas per wgt. 

gasifier-fired coal. 
Coal split between gasifier 

and furnace. 

Temperature wher C0/H2 added 
Flue gas composition. 
Flue gas ra te . 

Flow of FeS, FeO, Fe20 FeS04 

Flow of catalyst in contactor. 
Flue gas composition 

after contactor. 
Exit gas from regenerator. 

Catalyst/absorhent exit 
composition. 

Solids exit flow rate . 
Exit gas ra te . 
Exit gas composition. 
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Table y-

Contactor 
Entrance 

73.44 

Contactor 
Exit 

Regenerator 
Exit 

N 2 1%) 

Contactor 
Entrance 

73.44 73.86 88.5 

co 2 (%) 15.95 17.02 0 

H 20 CO 8.98 9.02 0 

0, Cpp«0 819 0 2.35 

NO (ppm) 721 72.5 0 

S0 2 (ppm) 2247 265 91,450 

CO (ppm) 9900 82.6 0 

H 2 (ppm) 2247 183 0 

NH 3 (ppm) 0 326 0 

(O/R) 0.93 

3. Heat balance. 

The process has been designed to minimize heat losses. The 

heat generated in the gasifier is re-covered in the boiler convection 

pass. The exit flue gas contains no excess air, which minimizes 

sensible heat losses. The excess heat produced by the exothermic 

regeneration reactions is recovered in heating coils containing 

boiler feedwater. The regeneration exit gas is cooled with a heat 

exchanger containing boiler feedwater. In both cases the boiler 

feedwater transfers the heat back into the steam boiler cycle. 

The solids, exiting from the regenerator, also transfer sensible 

heat back to the flue gas where it can be recovered in cither the 
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economizer or the air preheater. The combustion potential of CO, 

H_, and NH, and the sensible heat of the regenerator gas and disposed 

flyash represent process heat losses. The next paragraphs will give 

the details of the energy balance. 

The heat liberated during combustion of coal in the furnace 

was estimated from the following formula (Steam, 1963): 

lb^ESal = 1 4 ' 5 4 4 C + 6 2 > 0 2 8 CH2 - jp)«- 4.0S0 S. v-19 

where: C, It,, 0 3, and S are the weight fractions of each element 

in coal. 

The heat liberated from the partial combustion of coal in the 

gasifier unit was first calculated from the AH f for CO and SO. forma

tion. This value was increased slightly (2.4%) to be consistent 

with the bases of equation v-19. 

The heat liberated when the CO/H stream reduces 95% of the 

excess 0- was calculated from AH f data for CO_ and H-0. The final 

value for H-/C0 in the tlue gas stream was taken as the equilibrium 

value from the water-gas shift reaction at 2200°F. With this assump

tion the amount of CO_ and tto0 formed and the amount of heat released 

can be calculated. Table v-lS summarizes the heat generated during 

combustion. 
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Table v-15. Heat released in combustion reactions. 

(1000-Mw coal-fiTed unit . ) 
334.9?. Tons coal/hr. 

i of Coal BTU/hr (x io 9) % of heat 

7.168 85.32 

0.374 4.45 

0.859 10.23 

8.401 100.00 

Oxidizing furnace 81.70 

Gasifier 18,30 

If the same amount of coal were burned in an oxidizing furnace to 

CO-, H O , and SO,, the heat liberated would be 8.774 x 10 BTU/hr. 

This implies a potential heat loss of around 4%. A more accurate 

estimate of the loss is obtained by calculating the amount of heat 

g calculation shows a potential loss of 0.342 x 10 BTU/hr, which is 

3.9% of the total heat liberated. 

Some of the apparent loss in this step of the process is offset 

by the fact that instead of the usual 20% excess air there is essen

tially 0% excess air in the effluent gas from the plant. Heating 

this excess air from 77DF, an average inlet temperature, to 300°F, 

an average stack-gas temperature, requires approximately 0.072 x 
q 

10 BTU/hr, which is 0.82% of the total energy. 

The removal reactions in the contactor are also exothermic. 

Appendix A - 5 lists the reactions considered and their 

AH 2t:0r values. Table v-16 lists the hear evolved during the re

moval reactions. This heat is recovered in the economizer and air 

preheater. 
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Table v-16. Energy released in removal reactions. 

a. 90% removal (CO + H„), NO, S0 2 

b. Reduction: 43.72by H 2, 56.3% by CO 
9 

Reactant Assumptions AH BTU/hr (x 10 ) 

NO 
_2 

SO 15% s u l f u r removed as SO 
95% s u l f u r a s SO2 in gas 

0.0776 

-0.00598 

Iron reduced to FeO for 
FeS formation reaction -0.00332 

97.6% 0 2 formed S0 4" 2 

(Amount to give required 
S0 4 = level) 0.0000478 

Total Release 0.0887 

All of the reactions except the reduction of Fe_0, and the 

oxidation of CO and H^ are exothermic. The selected split of the 

reduction between CO and H- was based on an average of the H2/C0 

ratios between 1000°F and 2200°F. If more of the reduction were by 

CO, the reactions would all be more exothermic. The role of H in 

the reduction is not expected to increase above the assumed value. 

Heat is also produced in the process external to the furnace. 

The two main reactions occurring in the regenerator, which are the 

last three reactions in Appendix A - 5, are exothermic. 

As stated earlier, the amount of heat liberated in the regeneration 

will depend upon the solids composition and inlet temperature, the 

inlet air flow rate and its temperature, and the temperature level 

required for regeneration. In order to operate the regenerator at 
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a constant temperature, thi? heat must be removed by cooling coils 

(using boiler feedwaterj immersed in the fluidized bed. The heat 

release for this design is given in Table v-17. 

Table v-17. Energy generation in regeneration reactions. 

(1000-Mw coal-fired unit) 

Conditions: 
Solid: 0.05899 lbs FeS/lb Catalyst 

0.1136 lbs FeO/ " 
0.01799 lbs FeS04/lb " 
0.01051 lbs Fe70 / •' " 
0.7989 lbs Ai;0_/ " " 

1000°F Inlet Temperature 

Regenerator: I250DF; Contactor: 1000°F 

Air: 110% of stoichiometric for complete 
oxidation to Fe_G_ and SO_ 
500°F Inlet Temperature 

H o0: Inlet 280QF, Outlet SbS°F 
g 

Sensible heat recovered in regenerator coils: 0,1057 x 10 BTU/hr. 
Sensible heat transferred by solids to contactor: 0.0258 x 10 9 BTU/hr. 
Heat recovered in regenerator gas cooler: 0.Q212 x 10' BTU/hr. 

Adding both of the heat sources froa the process reactions and 

the heat recovered from the solids and gas gives a total of 0.2684 x 

10 9 BTU/hr. With the potential loss of 0.342 x 10 9 BTU/hr from the 
9 excess CO + H, and the gain of 0.2684 x 10 3TU/hr the percentage 

heat loss as a result of the process is 0.839% of the total liberated 

in the power plant. This loss is approximately the same as that 

calculated for the savings gained by the decreased amount of excess 

air used. Reducing the excess air effectively to zero would result in 

a significant reduction in the loss of sensible heat in the stack gas. 
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If th is is in fact found operationally possible, there would be a 

definite incentive for the ^.-ocess from the standpoint of energy 

conservation. In the operating cost section i t is assumed that 

there will be a 0.839% energy loss. This gives a conservative de

sign estimate. 

4. Equipment description. 

a. Contactor. 

The contactor is basically an extension of the duct between the 

primary superheater and the economizer sections. It is to be 

fabricated of 3/16-in carbon steel lined with 3 inches of 85% MgO/ 

CaSiO, castable insulation. The duct length of 50 feet provides the 

required residence time. The contactor cross section is 32.6 ft x 

83.6 ft. The catalyst/absorbent is sprayed into the contactor 

entrance by pneumatic conveying lines. The solids and the flue gas 

are in concurrent flow. Within the contactor, the catalyst/absorbent 
- 9 3 

concentration for this design in 1.14 x 10 " lb/ft . This concentra
tion corresponds to a dilute-phase contactor and is within the experi
mental range required. Flyash will aiso be present in the contactor 
at a concentration of 0.070 x 10 lb/ ft . This gives a flyash 
to otalyst/absorbent ratio of 0.061. The concentration of flyash 
used in this design is expected to be a maximum. The large amount 
is a result of overlap in catalyst/absorhent and flyash distribution. 
Either smaller flyash or larger catalyst/absorbent particles would 
result in a better separation, decreasing the amount of flyash recycled.. 
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b. Regenerator. 

The regenerator is a series of ten fluidized beds stacked 

vertically. The inlet solids are pneumatically conveyed to the top 

of the regenerator and pass through the series of beds, exiting at 

the regenerator base. Solids pass between beds in downcoraers. The 

basis for ten fluid beds instead of one is to conserve construction 

area. If plant space were available, a single fluidized bed could 

be constructed. In the 10-unit design the regeneration air enters 

a manifold on one side of the tower. One-tenth of the inlet air 

passes to each fluid bed. The effluent gas and solids are collected 

in a manifold on the opposite side of the regenerator and pass to 

the high efficiency cyclones. Sectional views of the regenerator 

are shown in Figure v-3. The interior cross section is 13.7 ft x 

13.7 ft. The plates are 6 feet apart, with a bed height of about 

1 foot. The beds were designed with a void fraction of 0.60. Given 

the feed of both catalyst/absorbent and flyash, the bed density 

ranges from 43.3 lb/ftJ at the top to 44.6 lb/ft at the bottom. 

The interior of the regenerator and the exit manifold are 

1/4-inch 316 SS. The entrance air manifold is 3/8-inch carbon steel. 

The outside area is insulated with 3 inches of 85% MgO/CaSiO,. The 

gas distributor plates and the bed separation plates are 1/8-inch 

316 SS. A 3/8-inch, 8-ft carbon steel skirt is provided. 

The inlet air temperature to the bed is 300° F. The beds are 

kept at 1250°F by cooling coils in which boiler feedwater is circulated. 

These coils are 1.66-inch Sch 40 316 S3 pipe having 0.25-inch fins 

with 10 fins/inch. A total of 165.3 ft" of surface area per b*i is 
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Fig. v-3 . Regenerator schematic. 
A. Solids flow. 
B. Gas flow. 
C. Plan view. 
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provided. Ten control values in the lines remove heat as needed 

from each bed. 

c. Gasifier. 

The design of the gasifier is based on the design of a continuous 

feed, rectangular construction incineration system. The fuel is 

burned on a moving chain grate. Niessen (1970) reports that a 250-

Tpd municipal incinerator generates about 1.7 x 10 acfin of flue 

gas at 1600°F. The required gasifier gas rate at 1600°F is 6.51 x 

10 acfin. With linear extrapolation of the gas volumes this implies 

that a municipal incinerator capable of handling 957 Tpd would be 

roughly the size of the gasifier. The furnace would have refractory 

walls with no heat-transfer surface provided. All of the heat gen

erated would be removed in the convection zone of the boiler. The 

air supplied to the gasifier will come from the normal F.D. fan 

system for the inlet air. The coal burned in this unit will typically 

be between 1/8-inch and 1-inch in size (Steam, 1963). The larger 

size allows about 35% of the ash to be collected in the bottoms. 

d. Cyclones and electrostat ic precipi ta tors . 

The main cyclone bank which collects the solids immediately 

after the contactor are medium-efficiency cyclunes found on normal 

coal-fired un i t s . EPA (August, 1973) and Benson (1974) report that 

such cyclones are 85% efficient on flyash. The typical pressure 

drop is 3 inches of H_0. The material of construction is carbon 

steel . Popper (1970) reports the collection efficiency as a function 

of part icle size from 2.5 up to 150 microns for th is type cyclone 
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bank on coal flyash. With the catalyst/absorbent size distribution 

given in Table v-8 these cyclones would be expected to give an 

overall efficiency of 98.876%. Even though this is relatively high 

it still would allow a large loss of catalyst/absorbent. A second 

similar bank of cyclones was therefore added to the design. This 

gives a total pressure drop across the cyclones of 6.0 inches. The 

second bank of cyclones will be 80% efficient for flyash removal 

and 97.293% for catalyst/absorbent. The overall efficiency of the 

cyclone banks will thus be 97% for the flyash and 99.9696% for the 

catalyst/absorbent. 

The electrostatic precipitator (ESP) for the main flue gas is 

not considered a part of this design since cost plants either have 

one or will have to have one regardless of the installation of this 

process. The ESP will provide an efficiency of 95% for both the 

flyash and catalyst/absorbent. The large amount of iron on the 

catalyst should give resistivities similar to the flyash. With the 

ESP in the system the overall efficiencies become 99.85% for the 

flyash and 99.998% for the catalyst/absorbent. 

The cyclones on the regenerator are operated at 1250°F. These 

are high efficiency cyclones made of 516 S5 and lined with castable 

insulation to prevent high erosion rates. Flanders (1974) discussed 

cyclones of this design which had removal efficiencies of 99.996% on 

Si/Al catalyst/absorbent with an average size of 60 microns. The 

units discussed had primary and secondary cyclones which developed 

a pressure drop of 30 inches of H_0. The units handled a gas flow 
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from a fluid bed catalyt ic cracking regenerator, which was 2.93 times 

the ra te required in the present regenerator. The specifications 

for the cyclone bank required for the regenerator will be similar 

to these. The catalyst/absorbent removal efficiency is taken as 

99.933%. The flyash removal efficiency i s taken at 90%. The 

catalyst/absorbent will primarily be collected in the f i r s t bank 

of cyclones whVe the second bank will collect the flyash and the 

remainder of the catalyst/absorbent. 

An e lec t ros ta t ic precipitator i s added before the H_S04 plant 

to remove 9S% of the flyash remaining after the cyclones. This 

unit i s sized by scaling up from the TVA data reported by Benson 

(1974). Since the precipitator operates at 750°F, i t i s classed 

as a "hot" precipi ta tor . The material of construction to be used 

i s 316 SS. 

e. Blowers and motors. 

The centrifugal blowers used for the regenerator air supply 

and the pneumatic conveying lines are capable of moving gas up to 

pressure differentials greater than 1000 inches H-0 but are operated 

at the required level. (See Table v-18). This high pressure 

capability is obviously more than is required under normal conditions 

but may be needed if solids plug up in any part of the system. 

The motors used were all 3-phase, enclosed-fan-cooled electric 

motors operating at a nominal 1,800 rpm. 

f. Catalyst storage tank. 

A carbon-steel storage tank with manholes and ladders is provided 
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for storage for the catalyst/absorbent. The size i s 1100 gallons, 

8257 ft . This would give a 90-day supply at a net consumption of 

143 Ibs/hr. 

g. Regenerator gas cooler. 

After the regenerator cyclones a SS-U-tube exchanger i s used 

to cool the flue gas from 125Q°F to 752°F. The 1-inch tubes had 

boiler feedwater flowing in themjthe total surface area provided was 
2 2 « 

3225 ft . An overall U of 10 BTU/hr ft F was used for the design. 

This is a conservative design since finned tubes could be used to 

decrease the tubing length. 

h. Pumps and motors. 

The pumps required to circulate the regenerator bed coolant and 

the regenerator gas coolant will be the same as those used to c i r 

culate water to and from the economizer. Control valves will be 

used to regulate the flow to each bed. Only the control valves are 

considered as a process cost, 

i . Piping and Ductwork. 

Solids conveyance in the process is by means of fluidized trans

port. The gas used to accomplish the fluidization is taken from a 

gas stream at approximately the same temperature as the solids. 

The fluid density in the transport lines ranges from 3.05 to 0.0063 

lb/ft . The piping and ductwork required are designed for a trans

port velocity of SO f t / sec . This velocity was selected to achieve 

the smallest cross-section possible without having excessive erosion 
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(Flanders, 1974J. All bends should be 90° to minimize solids attri

tion (Flanders, 1974). The lengths of piping selected were esti

mated to be reasonable for the design presented. The details are 

given in the Cost Summary, Table v-18.The transport reference was 
Zenz (1960). 
j. H 2 S 0 4 P l a n t " 

The sulfuric acid plant design was taken from Sittig (1971). 

The plant is an integrated contact- plant with 3-stage contacting. 

The overall conversion efficiency for the unit was 96.8%. The pro

duct can range from 93* H_SO. to various grades of oleum. Total 

production from this plant is 210 Tpd as 100% H-S0 . The regenerator 

exit gas, the feed to the H 2S0. plant, has 9.1% SO in it. The 

tail gas from the H_S04 plant can be mixed with the air to the 

furnace so that the remaining S0_ can be recovered. Facilities are 

provided for 30 days storage and for shipping of the acid. 

E. Economic Analysis. 

1. General discussion. 

In order to estimate the economic feasibility of the proposed 

process a cost model was developed for both the fixed capital invest

ment (FCI) and the operating cost (0C). This model includes all of 

the added equipment required by the removal process. The FCI and 0C 

for the H.SO plant were obtained directly from Sittig (1971). 

The basic reference for constructing the cost model was Peters 

(1968). The FCI was separated into direct costs and indirect costs. 

Table v-19 shows the breakdown of the items within each group. The 



TftHLE V IB RtMOVAL I'HUCESS — EQUIPMENT SUMMARY. 
OClOQCn 11)73 

EQUIPMENT ' tSCRH'TICN SIZE UNIT COST UNIT PATCO COST S PUHCHA5E COST S nEFElUWCE 

,„ , „ ! 3 O1 3/10 m . 32(1 I T . SO It 
3 0>J 10 i n * 1130 I T . M i l 

ilMuO Ca5iU3l 3in« l l .OJOtl 3 

wi,03& tiit 

11.03011s 

Q13S'lti 11.503(11 1.117 1D.117T 

.DBIS/tl'lniH K 7 3 t w t a j , i U M 

33S'lt' imiwil 

Pi-fort. 10GI1. n B54 

l ' 4 . m 13DDtl . 17 I (i ,0011 
1,1) tn t 1J0 r j t i , 143 l l . 10H 
3iUm i Uti > 17.1 Ir 
3(1 >n > 13UGH >U6fl 
3»> MoO'CaSiOg 

fiO,7[TOIiji 

10,370 IU1 

74,1)30 Ihl 

4,53Dt!2 

100 DI6 III 1/07 

0.13 S/tb 6,734 0) 1/07 I 

.ODIS/lt'lEOUl 6 0 6 1 HJQJ 
3US/tt3llil>nr) 

7 773 i, 10 Jctni[» 3000 'F 37IB »10° II >, I070.n VI I .03 i n 

7D3.7GO 1Q7Q 11110.7110 

130.014 

Flrfl Air Ulowu. n3 

Flcg Saiult U luwt t " 3 

Canlrl lugal D>300"F 

Conl i l 'uasl O 77 "F 

[ > 4 4 . 1 0 q c t m 

1 D3. 10 3clm 

70.000 1/07 

0.000 W07 

03,100 

11,064 

[Imton. 1Q74, 

Fcipticr, 1070, |i 00 

li Cvclnnr [r •urrnnrMrM l l t l lic»le Incloi 0 0Q| 
HiQli Ellicirncve 1750'F 

1 334* I0 8 ctm 
360,700 rim 
S407, 000 173.107 1073 177,107 Fiitmlptt, 1074. 

Pnium, ID'O, n OB 

0 ESP Itcu'-n flillot) 111) 
litcontmicliunl Uc»lc Incioi 01101 
n5VLIItcirn1tf7oO"r 

11070 1. 10* elm 
(HIO.QIDclm 
SI.331.000 &3U.C10 1073 M7.033 Qi'itum, 1074 Orjl.uliy. 1071 

Point, 10a0. n 470 

Pcirn, I0(1D. p 470 



TAIILE V tnienriim 

fQUIPMENT DESCRIPTION 

C*n»ini 0 0| 0! 300 *F Q 1GG«10Jctm 

DATED COST S 

Put or I, 19GB, p 470 

II Miimn In,' r«ni«nd fllmwri (3 itnjwnl. nnclnioil Inn roulmll 

J1DU At> Blnwn Motor c3 .*ji * I 60 [in, E, • 70, E - 04 B 

Hrg &il.ili [Humor Mnlor An - ' 40 [in, E, • 70, E m - 130 

Cunt [MIHi 1i ninivn Mtiiui All ' 4 04 | in. E, • 7D. E_ • 0? 

0 HrstEHCliangrAica in flrg Sell 40, 310 n. 1 Gfl In O.D |.i|ir 

GIbmt in i , I0\'inl/ln 

OinKul Vii.ei 10lHt». 31flu 

Olxinr>trflPin<rtg 5cl> 40. 1 CO .n O D (lino 

OHGUIifi 

31 Win 

10 i- 1GG 3 f l 7 

30,000 1/07 

000 1/07 

0.00U 1/07 

.... 14,600 1/07 

SGOO O.QOO 1/07 

sown 410 1/07 

Pclrn. 10n0. p. 474,41 

Put en. 1DBD. p, 071,! 

Pnteri. 1QQQ, p 4B3 

Prim, 1QQ8, p 43G 

ttl FlupG*tD»ilp<{im<il1ta 3736ti :H?GO'F • /BJ 'T l l l l I -- SM.OOO 50 ,000 1/07 (H>,BG7 Pntr i, IDGB. p. BOO 

1 1 Citilyit Dtiunjo Tinh Cjilwn Kiirl. 00 day 
(1767 ( I 3 

1104QJS1. 
.... 1,440 1/07 1.007 (Vlfi , 10GB, [1,477 

0 0 I 07 It ScMO 

?2IHt <33f l t l . 1/Rn.t 4DOIt 

42f>fi . O G U . I/Bm> 100It 

(LtMinl t t l i tOO\ol t ic | 

£40/11 11.7G0 1/D7 1 

& 10/lti 3,300 1/07 j 7J.U01 

S73/lli 7O30 1/07 I 

11,300 

Prim. 1000. p. 430 

Pi-ten, 1003,11.064 

Prtr.i, lOOf), p. 0B4 

Intulaiion • 1 GO,COO ( l | 

Piping - 34,440 (PI 

tettat Equip.» 3,000.001 



TABLE V 10. PROCESS FIXED CAPITAL INVESTMENT (FCII. 

DIRECT COSTS METHOD CALCULATED OCTOBER 1073 COST 

Purchased Equipment I t ) ttomifcd Equipment Costs S3,775,I29 Total (SI 

Installation 1 Labor, Found., Conil.l 40% IEI 1,510,052 

Insttumcnlotlon 13% IEI 400,707 

Inltrumciitutjun Installation and Acccstnnui 8% (El 302,010 

Pi|iu Costs IPI lloml/ecl Pino Costs 34,440 

PIIIO Labot Installation 40% IPI 10.840 

Plot? Insulation Matminl and Labor 20% IPI 8.612 

Etuclriuil Installation 7.0% IFCII 1,265,603 
Building unci Service 0% (FCII 843,736 
Insulation Major Etinlpmenl (1) Itemized Insulation Casts 160,609 
Startup Expense 6% IFCII 1,349.077 

9,756,770 0.766 x 10* 

Purconl o' Total 

INDIRECT COSTS 

Eiuf1-:; H-roj .n'.tf b'tipcivision 

Const fuel Ion Ex'iomoi 

Contracior't Fco 

Cominrjor.ciDi 

Working Capital 

35% IEI 1,321,205 

34% I t l 1,283,644 

3.76% IFCII 632.002 

0% IFCII 1,349.977 
16% IFCII 2,531,206 

7,11B,824 7.1 IB 

Removal FCI • S16.B7 x 10 6 

• 4.36 IE! * 3.24 IPI + 1.8011) H,SO„ FCI - 1.67X10" 
Towl FCI • S1B.54 X 10° 
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items were estimated as a function of the t o t a l purchased equipment 

cost (E), piping and duct costs (P), insulation costs ( I ) , 

and FCI. The piping and insulations costs were calculated from the 

amount required instead of as a percentage of E. The cost model 

used for the removal process is 

FCI = 4.36(E) + 3.24(P) + 1.89(1) v-20 

The operating costs were divided into direct costs and fixed 

costs. Table v-20 shows the breakdown of the items for each group. 

Only the maintenance and fixed costs are estimated as a percentage 

of FCI. The royal t ies are calculated as a percentage of the to ta l 

operating cost . The fixed operating costs are taken as 14.67% of 

FCI. This assumes depreciation over a 15 year period as suggested 

by Buchard (1972). I t i s assumed that a l l of tne capital will be 

borrowed for the removal process a t an average interest of 5% over 

the 15 years. 

2. Cost Basis. 

The costs required for the model are non-installed equipment costs. 

In some cases only the installed equipment costs were available. The 

equipment cost was estimated by dividing these costs by 1.4, which 

assumes a 40% installation charge. Those costs which were treated 

this way have a superscript I in the dated cost column of Table v-18. 

The equipment cost sources are given in this table. In order to 

standardize all costs the Chemical Engineering plant cost index was 

used. All costs were updated to October 1973. The CE plant index 

for the pertinent yeais is given in Table v-21. 



TADLE V-20. 

DIRECT COSTS 

REMOVAL PROCESS OPERATING COSTS. 

METHOD CALCULATED 

Energy Lais Charge 

QiUlyit Makeup 

QI ic ruling Labor and Supervision 

Utll i t ioi 

MoiiHonanca 

Royultici 

Laboratory Charge! 

Plortl Overhead 

OCTOOER 1973 COSTS 
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10% (Labor and Siporvltionl 20,000 

50% ILabor an.J Maintenance) 774.PBS 

FIXED COSTS 

Depreciation ( l&votir i ) 

Taxniand Properly 

Inmrnnce 

Interust 

6.B7% FCI 

2% FCI 

1% FCI 

B% FCI 

1,126,543 
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finer eating cm. 
make-up by taclDr 
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coi l of 1.23 
milli/kwhr 
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Table v-21. CE Plant cost index. 

Year 1957 1962 1967 1968 1969 
Index 100 101.5 10P.1 115.7 119.0 

Year 1970 1971 1972 1973 
Index 125.7 132.2 137.2 143.7 

The items costc-d from Peters [1968) were generally obtained from 

correlations of equipment cost versus size. The items obtained else

where were generally only listed in one size. The scaling factors 

for specific equipment types suggested by Popper (1970) were used 

to obtain the cost of specific size equipment. 

3. Process Costs. 

The total purchase equipment cost for the process comes to $3.78 x 

10 . The three most costly items are the gasifier, the contactor 

cyclones, and the electrostatic precipitator on the regenerator effluent 

gas stream. These items account for $3.14 x 10 or 83% of the total. 

The gasifier alone represents 42% of the cost. The gasifier cost, 

stated above, is based on a 957 Tpd municipal incinerator plant. 

The cost data presented by Niessen (1970) for the municipal incinera

tor furnace includes the costs for a crane, primary chamber, secondary 

chamber, FD fans, associated ducting, ash removal system, gas cooling 

by water spray, stack, piping, instrumentation and controls. The 

gasifier unit obviously does not require all of this equipment, but 

since a further breakdown of furnace costs was not found r.his cost 

was used, giving a conservative value. Niessen (1970) reports that 

above 300 Tpd the furnace cost will average around $1,900/Tpd. More 

accurate cost data on the gasifier would probably result in a lower 
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cost. 

The total FCI for the removal process is $16.87 x 10 . Direct 

costs represent 57.8% of the total. The tuo largest costs are the 

purchased equipment, S3.78 x 10 , and the working capital, $2,55 x 

10 . Since in equation v-20 E is multiplied by 4.36 to give its 

contribution to FCI, it is by far the raost sensitive item in the 

analysis. 

The operating costs listed in Table v-20 show 58.4% as direct 

process costs. The energy loss is that due to the net heat lost 

by the process and the energy needed to overcome the added 3-inch 

pressure drop in the second bank of cyclones. The fuel charge for 

the heat requirement is 38$/10 BTU. The electrical charge for 

the power is l$/kwh. 

Catalyst costs are about 30$/lb, Harnsberger (1974). The high 

charge for maintenance (8% FCI) is used since there may be material 

erosion problems in the solid transport lines. The overall operating 

cost is 0.774 mills/kwh. With a catalyst attrition rate of 10 times 

that used in Table v-20 the operating cost would be 1.23 mills/kwh. 

The process costs for the H_50 plant were taken directly from 

Sittig (1971). This report gives both FCI and operating costs for 

the H SO plant. For a 210 Tpd plant the FCI is $1.55 x 10 . Stor

age and shipping facilities were estimated from EPA (May, 1973) to 

be $1.23 x 10 . This gives the total investment of $1.67 x 10 . 

The operating cost for the plant is $101/hr. With a 20% increase for 

distribution and marketing costs the H7S0 cost would be $121/hr 

(0.138 mills/kwh). If the H^SO were sold at $25/Ton, a credit of 
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S219/hr would be realized. This credit corresponds to about 0,25 

mills/kwh. 

The total process costs with and without H_S0. credit are given 

in Table v-21. 

Table v-21. Process costs for 1000-Mw coal-fired power plant. 

Removal Process H
2
S ° 4 P l a n t Credit Total Process 

FCI (S/Kw) 16.87 1.67 18.54 

OC (mills/ kwh) 0.77 0.14 -0.25 0.66 

Even if the acid were not sold the operating cost would be only 

around 0.90 mills/kwh. 
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CHAPTER VI 

Discuss ion and Recommendations 

A. Process E v a l u a t i o n . 

1. Descr ip t ion of t h e p r o c e s s . 

A dry p rocess o p e r a t i n g a t r e l a t i v e l y h igh t empera tu re s (1000°F) 

has been developed f o r t h e simultaneous removal o f NO and S0_ from 

power p l a n t s t a c k g a s e s . A c a t a l y s t / a b s o r b e n t c o n s i s t i n g of 20% 

f e r r i c oxide suppor ted on alumina c o n t a c t s t h e f l u e gas under r e 

ducing c o n d i t i o n s i n a d i spe r sed -phase r e a c t o r . Reac t ions occur 

which e f f e c t t h e a b s o r p t i o n of SO_ as e i t h e r f e r r o u s s u l f i d e o r 

s u l f a t e and t h e r e d u c t i o n of NO t o e i t h e r N„ o r NH_ (Sec t ion IV.E.)* 

In t h e h igh t empe ra tu r e (1250°F) f l u i d i z e d bed r e g e n e r a t o r , t he 

c a t a l y s t / a b s o r b e n t i s r e o x i d i z e d by a i r t o f e r r i c ox ide and produces 

an e f f l uen t gas c o n t a i n i n g about 9% SO.,, which i s a s u i t a b l e feed 

for a H-SO p l a n t . The flow shee t for t h e p r o c e s s i s shown in 

Figure v -2 . 

The removal r e a c t i o n s for both SO, and NO r e q u i r e a ne t r educ

ing f lue g a s . A coa l g a s i f i c a t i o n u n i t produces t h e r e q u i r e d amount 

of CO and IL, (Sec t ion V . C . ) , while most (81%) o f t h e coa l i s burned 

under o x i d i z i n g c o n d i t i o n s in t h e furnace . S ince t h e r i c h CO/H-

stream i s added p r i o r t o t h e superhea te r s e c t i o n , t h e hea t generated 

in the coal g a s - f i e r i s recovered in t he convec t ion pass of t he 

b o i l e r . The C0/H 7 c o n c e n t r a t i o n in t h e e f f l u e n t s t a c k gas i s con

t r o l l e d by ma in t a in ing an excess of f e r r i c ox ide i n t h e c a t a l y s t / 
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absorbent recycle stream. 

A process flow sheet applicable to a 1000-Mw coal-fired power 

plant and designed to remove 90% of the NO and S0 2 in the flue gas 

is presented in Chapter V. Since the process equipment and reactant 

transport techniques are similar in scale and throughput to those 

in fluidized bed catalytic cracking uni ts , the technology required 

for implementing th i s process is considered to be established. The 

economic analysis of the process i s based on October 1973 dollars . 

The process xequires a fixed capital investment of $18.5/kw and has 

operating costs of 0.91 mills/kw-hr. The investment cost includes 

$1.67/kw £OT the H_S0. plant. With a $25/Ton credit for the con

centrated llySQ^, the operating cost, would be reduced to 0.66 mills/ 

kw-hr. 

2. Comparison with other processes. 

Princiotta (1974) has evaluated the six leading processes for 

SO, removal. All of these processes, except the low-sulfur fuel 

alternative, involve cooling the flue gas and contacting i t with an 

aqueous stream. The investment and operating costs for these pro

cesses are presented in Table v i -1 . The costs for the proposed 

process are reported at 100% load factor and fixed operating charges 

at 14.67* of the capital costs per year, whereas the basis in Table 

iv-1 is an 80% load factor and an 18% ra te for fixed charages. The 

operating cost for the proposed process on t h i s basis is s t i l l 0.91 

niills/kw-hr. The decrease in diTect charges i s almost compensated 

for by the increase in fixed costs. The capital investment charge 



TAIil.U i v - 1 . COMPARISONS OP SO., CONTIIOI. PROCESS SYSTEMS POR COAL-FIRED POWER PUNTS ( P r i n c l o t t n , 11)74) 

Itcactant 
input 

requirements 

Thrawawoy 

recovery 

Appro*, i n v e s t . 
cos tn^ 1 1 ' for coa l -
f l r e d b o i l e r s 

J/kw 

Appro*, (annual) 
c o s t s . W ml l l s /kw-hr 

SO- removal 
o f f l c l e n c y , ! 

Itcactant 
input 

requirements 

Thrawawoy 

recovery 

Appro*, i n v e s t . 
cos tn^ 1 1 ' for coa l -
f l r e d b o i l e r s 

J/kw 
No c r e d i t t o r With c r e d i t for 

S recovory S recovery 
SO- removal 
o f f l c l e n c y , ! 

Li.iil - f i red power plant N. A. N, A. 200 B . p O N. A. N. A. 
l.uw-Mil fur fuel increment 

{i/oiil and o i l ) 
N. A. N. A. N. A. 2.0 - 4 .0 N. A. N. A. 

Wei 1inw/limestone/ 
i;,HiiH)_ s l u r ry scrubbing 

Line (100-
1201 S t o i c h . ) ; 

limestone 
(130 -1501 

S to l en . ) 

Throwawuy 
CaSOJ 
CaSO^ 

A 

3S - 52 1,5 - 2.4 N. A. 80 - 00 

Mii^iu'J'liira oxide scrubbing MgO a l k a l i ; 
curbon and fuel 

far regenera
t ion and drying 

Recovery 
of cone. 
H 2 S0 4 

or elem, 
sul fur 

36 - 66 1.6 - 3,0 1.4 - 2.0 90 

MiiiiMi'iilo c a t a l y t i c 
n>i.l.iilon [add-on] 

Catalyst V^Oj 
(per iodic r e 
placement) and 
fuel for heat 

Recovery 
of d i l u t e 
'<2S°4 

43 - 6? 1.6 - 2.7 1.5 - 2 .6 85 - DO 

K,.|liimti-l.ord pror.oss 
lixliihla sudlum 
..inibl'lnu with 
n-jiciienition) 

Sodium make-up 
and heat tor 
regenerat ion 

He covery 
of cone. 
H2SO* or 

su l fu r 

40 - 6fi l .S - 3.2 1.2 - 2.8 00 

lunihli* a lka l i process Sodium make-up 
plus l inio/ l ime-
stona (100-130t 

S to i ch . ) 

Throwawuy 
CaSO./ 
CnSO": 

4 

26 - 47 1.2 - 2,2 N. A. 90 

in) ilt'iii'rully, where a cost range i s i nd i ca t ed , the lower and re fo r s t o a now u n i t (1000 Mw);thc high and r e f e r s to a 20D Hw r e t r o f i t u n i t . 
Costa include p a r t i c u l a t e removal and a re in 1373 d o l l a r s . 

(tO Assumptions! Costs ca lcu la ted a t SOI load f ac to r , fixed charges per year t l B t of c a p i t a l c o s t s . 
li') Includes environmental cont ro l s to minimise land and water p o l l u t i o n . 
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remains unchanged. 

If the maximum re t ro f i t fa '.or of 1,25 is applied to the 

capital charge cost, as suggested by Burchard C1972) for existing 

instal lat ions, the cost would be $23.1/kw including t h j H_SO plant. 

Based on both efficient removal of pollutants and on the process 

economics, the process definitely shows potential for practical 

application. 

3. Reasons for economy. 

The strikingly lower costs predicted for t h i s process are due 

to several advantages inherent to the design which has been developed. 

These are enumerated below. 

a. Equipment size and complexity. 

The contacting zone in the proposed process i s at 10Q0°F and 

h^s a gas velocity around SO ft/sec. A residence time around 1 

second is required. The wet scrubbing processes cited by Princiotta 

[1974) operate around 130°F with maximum gas veloci t ies of 8 - 13 

ft/sec CNannen, 1974; EPA, 1973). The flue gas residence 

time in the scrubbers i s around 1.5 - 2.5 seconds. In spite of the 

high temperature, and the resulting high specific volume of the flue 

gas, the shorter residence time results in similar volumes for the 

high temperature contactor and scrubbers for a given flow rate . More 

explicitly, the higher contactor temperature resul t s in a specific 

gas volume increase of 2.47. Therefore, the contactor volume needs 

to be increased by th i s amount over the scrubber volume to achieve 
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the same residence time. Since the required gas residence time in 

the scrubber is between 1.5 to 2.5 times that in the contactor, the 

contactor volum- needs to he increased by only 1 to 1.6 times that 

of the scrubber. The faster allowable gas velocities in the con

tactor result in its cross-section being between 3.8 to 6.3 times 

smaller than that in a scrubber for the same gas volume. This means 

less duct expansion and gas distribution equipment at the contactor 

entrance. It also allows for a more compact design since at power 

plant sites vertical distance in one unit is less expensive than 

horizontal area in several units. The higher temperatures also 

result in more rapid diffusion and kinetic rates in the contactor 

than in the scrubbers. The faster rates are reflected in shorter 

required residence times. 

Other considerations which combine with a smaller required 

cross-section to give a relatively low capital investment for 

the process are related to the process simplicity. In this process 

no large holding tanks are required for reaction or settling of 

reactants. All of the blowers are operated at 300°F or below with 

negligible solids in the gas streams passing through them. The 

contactor has no complicated internal structure. The contactor 

can be made of carbon steel. The regenerator and the solids re

cycle line temperatures are within the service range for normal 

stainless steels. 

b. Improved thermal efficiency. 
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With tf-e flue gas exiting the power plant stack very close 

to stoichiometric composition, the thermal efficiency of the plant 

will be improved by about 0.82% relative to operation with 20% 

excess a i r . The fuel requirements for removing the SOL and NO 

are estimated to be roughly this same amount (Section V.D.3.). If 

there are no thermal losses in the process, there are indications 

that a slight increase in thermal output over normal operating con

ditions may actually result- Finally, the fuel required for reheat

ing the stack gas, necessary for plume buoyancy in wet-scrubbing 

processes, i s of course avoided in th i s case. 

c. Make-up cost. 

The size distribution of the catalyst/absorbent (average size 

7S microns] has been selected to allow highly efficient (99.998%) 

collection in a series of low-pressure-drop cyclones and an electro

static precipitator in the main gas stream. The high-efficiency 

cyclones in the regenerator collect 99.933% of the inlet solids. 

The net result is first, a low catalyst/absorbent make-up requirement. 

Second, no solids disposal problem is created since the catalyst/ 

absorbent is regenerated and almost totally recycled. 

B. Potential Process Problems. 

1. Ammonia emissions. 

The catalytic reduction of NO forms both N-, and NH,, although 

it would be desirable to produce only N.,. Since the latter was not 

found possible, the process is expected to emit 300 - 400 ppm NH_. 
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NH, is not reactive in the photochemical smog cycle. However, it 

will react with H-SO. or HNO, present in the air to form ammonium 

salts. These will be in the form of aerosols which limit visibility. 

NH_ emissions will not increase the aerosol problem, however, since 

the H-SCL or UNO, would already be present as aerosols. In fact, 

the addition of NH, to the atmosphere will tend to neutralize the 

acid aerosols present, making them less objectionable. 

The only NH, emissions standard which has been established is 

that for the San Francisco Bay Area. For large industrial stacks 

the limit is 2S00 ppm [BAAPCD, 1972). Since the proposed emissions 

are only 13% of this standard, the ammonia emission is considered 

acceptable at present. 

2. Accuracy of process design. 

The prediction of dispersed-phase behavior from fixed-bed data 

is based on a model corre'ating the gas phase mass transfer rates for 

the two cases. As discussed in section V.B.l.ii., the prediction 

of these rates at low Reynolds numbers is not well established. 

At worst, the rates might be about one-tenth of those used in the 

design O'unni, lyCi-' The dispersed-phase kinetics were esti

mated from the fixed-bed d^ta. Due to .he uncertainties in the experi

mental work, a range was given for the reaction rate constant. If 

the minimum reaction time required were 0.01 second, instead of 

0.001 second as stated in section V.B.l.b., the reaction rate in the 

dispersed-phase contactor would be one-tenth of that discussed. A 

decrease in both the mass transfer rate and the reaction rate by a 
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factor of 10 would still result in the reaction rate controlling. 

Hence, the overall rate would he decreased by 10. The effect on 

the design would be to require 10 times the solids density within the 

contactor to effect the same removal. Streams to and from the regen

erator would not be affected. If the solids density in the contactor 

were increased by 10 and the amount of solids lost from the process 

were increased by 10, then the operating costs would increase 

to about 1.51 mills/kw-hr. If the size of the solids blower, motor, 

and ductwork were increased to provide the same solids density 

with this added load, the capital investment would increase to 

a maximum of $20.5/Kw. Thus, the uncertanty in the experi

mental data has little potential effect on the process economics. 

3. Flyash separation from catalyst/absorbent. 

The separation of flyash from the catalyst/absorbent is important 

for the process. In the design the following collection efficiencies 

were used: 

Flyash Cat/Abs 

Contactor cyclone 97% 99.9696% 
Main flue gas ESP 95% 95% 
Regenerator (by elution) 10% 94% 
Regenerator cyclones 90% 99.953% 
Regenerator ESP 95% 95% 

The difference in these efficiencies will provide adequate senaxation 

of the flyash and catalyst/absorbent. This assumes that the flyash 

particles will break up while cycling around the process. If this 

does not occur, large particles of ri/ash will build up in the system 

until the attrition rate equals the rate of flyash collection. Un-
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fortunately there are no available data to predict the attrition 

characteristics of flyash. If the flyash built up to 10 times the 

present level assumed for the contactor, the ratio of flyash to 

catalyst/absorbent would rise to about 0.60. The effect on the 

economics would probably be something less than the effect of in

creasing the recycle of catalyst/absorbent by a factor of 10, The 

latter effect was shown earlier to be quite small in comparison with 

other process economics. 

C. Recommendations. 

The next step in the process development would be to determine 

the reaction kinetics in a dispersed-phase contactor. This contactor 

would probably be a fluidized bed at first, moving later to a unit 

with highly dispersed solids. The dispersed-phase contactors will 

not only give some idea of the gas phase mass transfer limitations 

expected, but also will allow the reactions to proceed in a bed with 

a more uniform solids composition. The experimental data showed 

qualitative evidence that under this uniform condition less ferrous 

sulfate and ammonia would form. 

At several points in the experimental work, the number of samples 

taken was limited by th>- batch gas sampling technique used. In the 

dispersed contactor tests, continuous monitors on at least S0_ and 

NO should be used. Sensitivity should also be improved in the gas 

monitoring system to allow analysis of all reactant gases at levels 

below 100 ppm. 
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The addition of silica to the alumina matrix has been suggested 

to decrease catalyst attrition. Tests are needed to confirm that 

this does not decrease the solids activity for NO and SO, removal. 

Any new catalyst matrix developed should also be tested for attrition. 

The most reasonable way would be to compare the new catalyst's 

attrition rate with that of a known commercial catalyst whose plant-

scale attrition rate is known. Zenz (1974) discusses the technique 

for such tests. Samples of flyash tested in such an apparatus may 

give an estimate of flyash attrition relative to catalyst/absorbent 

attrition which ceuld be used to establish better the level of flyash 

in the contactor. 

The activity of the catalyst/absorbent as a function of time 

needs also to be tested- In these tests the solids should be cycled 

between removal and regeneration steps. The effect of flyash on the 

catalyst activity needs to be determined. 

These suggested studies should produce sufficient data to obtain 

design values with substantially narrower ranges for the process 

variables. The process effectiveness and costs could then be stated 

with more certainty. 
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NOMENCLATURE 

a = radius of FeS /Fe-O- interface in part icle during regeneration. 

C = bulk gas concentration at a particular t ime , ag 
C = bulk gas concentration at inlet conditions. 

C = gas concentration at external surface of part icle . 

d = particle d iameter . 

D = gas phase diffusivity. 

D = effective diffusivity in part icles . 

D. = effective Knudsen diffusivity in pa r t i c les . 

D._ = effective gas phase bulk diffusivity. 

E = total equipment cost. 

F = reactant flowrate. ao 

FCI = fixed capital investment. 

AF„ = thermodynamic free energy of reaction afc temperature T. 

h = Thieie modulus for a sphere. 

AH-, = thermodynamic heat of reaction at temperature T. 

I = insulation cos ts . 

j _ = mass t ransfer j - f ac to r . 

k = overall m a s s transfer coefficient, m 
k = overall kinetic rate coefficient, r 
K = overall reaction coefficient for removal reactions. 

K_ = overall reaction coefficient for regeneration reactions. 

lbmph = pound moles per hour. 

N = moles of reactant . a 
NH, selectivity (%) = percent reduced nitrogen compounds formed 

from NO in the form of NH, . 



OC = process operating costs. 

( 0 / R ) N H = (2.5[NO] + 3[S0 2 ] + 2[0.,] ) / ( [H 2 ] + [CO]) 

( 0 / R ) N = ( [NO] + 3[SO z] + Z[0 2 ] ) / ( [H 2 ] + [CO]) 

P = piping cos ts . 

r = catalyst/absorbent radius. 

r = reaction r a t e . 
a 

R = part icle Reynolds number. 

Sc = Schmidt number. 

S = specific external surface a rea of par t ic les . 

S = total specific surface area of pa r t i c les . 

t = residence time of solid in regenera tor . 

T = tempera ture . 

Tph = tons per hour. 

u = average interstitial velocity past par t ic les . 

V = reactor volume 

V = specific volume of part icles. 

W = molar amount of FeS in par t ic les . 
m r 

X = fractional conversion of reactant a. 
a 

z = amount of solid in contactor. 

e = part*cle porosity. 

i -e ' = volume fraction of particle which is FeS. 

n = kinetic effectiveness factor. 

0 = residence time of gas in contactor. 

p„ = bulk solids density. 

p = particle density. 



3 = molar density of FeS in solids, 
sm 

[ ] = gas concentrations. 
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APPENDIX A-2 

Overall Reaction Rate Analysis 

A. Kinetic Rate: 

(Levenspiel, 1962) 

1. Assumptions: F i rs t -order reaction kinet ics . 

Effectiveness factor can account for effect of 

intraparticle diffusion. 

2. Rate per unit volume of catalyst/absorbent (p. 446): 
(i/vpz)(dNa/dt) = - krn c a s 

where: V = specific volume (cm /g ) . 

z = amount of catalyst (g). 

N = moles of reactant A (g moles). 

t = time (sec). 

reaction rat 

n = effectiveness factor (dimensionless). 

C = gas concentration at exterior surface of 
solid (g moles /cm^) . 

3. Since the reactor volume is a more useful quantification than 

the amount of catalyst , z, the relationship: V = z / p R * 9 u s e d to 

eliminate z. Where: V = reactor volume (en". ). 
p =solids density in the contactor (g/cm ). 

Therefore: (l/V)(dN /dt) = - p V k nC (A2-1) 

B. External Mass Transfer: 
(Le venepiel, 1962) 

The value of C in the above equat ;on may differ from C , bulk a s t J a g 

concentration since there may be gas-film res i s tance . The relationship 

given on p . 445 (Levenspiel): 
( - i /S e x ) (dN a / d t ) = k m ( C a g - C a a ) (A2-2) 
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assumes: Linear concentration gradients. 

No interaction of diffusing species . 

In this expression: S = external part icle surface area (cm /g) . 

k = mass transfer coefficient (cm/sec) . m 

C. Overall Rate: 

(Levenspiel, 1962) 

Since the kinetics and mass transfer ra tes are in series they can 

be combined as follows: 

kinetic: [ l / ( V V p p B k ^ ) ] (dN a/dt) = - C a s 

mass t ransfer : [ l / (S k z ) ] (dN /dt) = - (C -C ) ex m a ag &s 
overall: r^ = (dN a/dt) [ i / (VV p p ^j,) + i /<S , x k m z ) ] = - C^g 

where: r = overall rate (g moles / cm - s e c ) . 

Substituting the relationship for V to eliminate z, the expression becomes: 

r a = (1/V) (dN a /dt) [ V ( V p p B k r n ) + l / I P i j S ^ k J ] = - C a g 

r a = (1/V) (dN a /dt) = - <1/V p k r „ + l / S J c m ) C a g p B (A2-3) 

K, = (1/V k n + 1/S k l " 1 . 1 ' p r ex n? 
r a = (1/V) (d.Na,/dt) = - K 1 ? B C a g . (A2-4) 

P . Packed-Bed Reactor Equation: 
(Levenspiel, 1962) 

1. Leven&piel presents the analysis of a differential section of a 

packed-bed reac tor as: F dX = (-r ) dV K ao a a 
Where: F = inlet rate of reactant (g moles , c). 

X = fractional conversion of r» .ar.c 'dimensionless). 

C can be eliminated in equation (A2-4) V. .he relationship: 
a g 

C = C (1-X ) 
ag ago a' 

where: C = inlet gas concentration (g moles / cm ). 
ago B \t» / i 



Than: F a o dX a = K ^ U - X a ) p B d V . (AZ-5) 

Z. The above equation is now integrated over the entire reactor volume. 

X V 
" dXa f p B K l C f d X a 

1 ( T ^ > : ago 

1 - X a = e x p [ - ^ 5 1 2 - K I P B ] 

Since the residence time 0 = C V/F 
ago ' ao 

^ g ^ a g o ^ ^ - K ^ p ^ (A2-6) 
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APPENDIX A-3 

Regeneration-Rate Analysis 

A. The main regeneration reaction is; 

FeS -f 7/4 O z 

Guha (1972) presented an equation representing the oxidation of 

FeS 2-

The development here is analcgous to his work. 

1. Assumptions: First-order reaction. 

Mass transfer resistance in bulk fluid is 
negligible. 

2. Rate of particle oxidation can be given as: 

<-i/4ira2) (dW^/dt) = (7/4) (1-e1) K £ C^Q (A3-i) 

where: a = radius of particle at FeS/Fe_G- interface, (cm). 

W = molal amount of FeS. (g moles FeS) m 

t = time (sec) 

1-e* = volume FeS/volume particle (cm FeS/cm particle). 

K ? = overall reaction coefficient (cm/sec). 

C = ) 5 bulk concentration (g moles/cm ). 

ago c 

The factor 7/4 is the stoichiometric coefficient. With a redefinition of 

K this could be incorporated into K_. 
3. T.̂ e molal amount of FeS, W , can be expressed as a volume times 

m r 

a density; 

dW /dt = d(4/3Tra3p ) /dt = 4na2p da/dt m' ' r s m • r sm ' 

where: p = molal density of FeS (g moles/cm ), 

Equation (A3-1) can thus be expanded as: 
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-p da/dt = (7/4) (1-e'J K, C H sm ' \ / ' \ ' Z ago 

Separating variables: 

da = - 7/4 (1-e'J (i/p ) K0 C ) dt. ' * ' / K stn' 2 ago 

Integrating from the outer surface a = r, t = 0 to the renter a ~ 0, 

t = t, where r is the particle radius. 

a - r = (-7/4) (1-e'l (K.,/p s m ) C a g Q t . (A3-2) 

4. The percent solid reacted is 100[(r 3-a 3 | /r 3]= 100[i-(a/r) 3] . 

Combining with (A3-2); 

% soUd reacted = 100{i-[r-7/4(i-£')(K,/P )C t ] 3 / r 3 } I £ sxn ago I 

(A3-3) 

5. The required time for a given % solid reacted is then: 

t = r [!-(!-% solid reacted/100) 1 / 3] /[7/4(l-e')(K 2/p c m > C a g o l 

(A3-4) 



273 

APPENDIX A-4 

Design Bases - 1000-Mw Power Plant 

Furnace- Pulverized coal , tangentially fired. 

Coal Analysis: wgt fraction 

Carbon (C) 0.7220 

Hydrogen (H) 0.0476 

Oxygen (O) 0.0615 

Nitrogen (N) 0.0149 

Sulfur (S) 0.0300 

Water H zO 0.0347 

A s h 0.0893 (Steam, 1963) 

b . Ten percent excess a i r at 60% relative humidity. 

c. Power plant efficiency 38.9% (Robinson, 1970). 

d. Twenty percent fuel N converted to NO. 

e. Thermally formed NO i s 20% of total NO. 

f. Ash - 15% bottoms and 85% flyash. 

Gasifier- chain grate s toker . 

a. Coal analysis: same as in furnace. 

b . Stoichiometric air for conversion of all carbon to CO and sulfur 
to SO ? ; 60% relat ive humidity in inlet a i r . 

c. Twenty percent fuel N converted to NO. 

d. No NO is formed thermally. 

e. Ash - 85% bottoms and 15% flyash. 

Total flue gas. 

a. Ninety-five percent of the excess O, removed when CO/H^ added. 

b . Inlet temperature to superheaters 126Q°C <2500°F). 
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Contactor. 

a. Ninety percent removal of excess (CO + H_), SO_, NO. 

b . Eighty-five percent of SO- removed as S" . 
_2 

c . Fifteen percent of SO- removed as SO d 

d. Removal reactions occur at 1000°F. 

e. Twenty-five percent Gf solids stream leaving contact sent to 
regenerator; 75% is recycled. 

f. Ten percent excess Fe_0_ in solids feed to contactor from 
regenerator. 

g. Composition and propert ies of catalyst/absorbent: 

20% F e 2 0 3 , 80% ( A 1 2 0 3 + S i 0 2 ) , S v = 200 m 2 / e » v = 0 .67cm 3 /g . 

Regenerator. 

a. All inlet iron converted to Fe_0_ . 

b . Regeneration reactions occur at 1250°F. 

Solids Collectors. 

a. Contactor Cyclones and ELectrostatic Precipitator for main 
flue gas. 

Collection Efficiency (%) 

Cyclones ESP Overall 

Flyash 97 95 99.85 

Cat . /Abs . 99-9696 95 99.9980 
(Solids collected in ES^' a r e sent to the regenerator 
while those collected in the cyclones are sent to the 
contactor (75%) or tc the regenerator (25%). 



b. Regenerator Cyclones, 

Collection Efficiency (""„) 

Primary Secondary Overt.lt 

Flyash 0 °»0 ^0 

Cat./Abs. ci<^.<•>i^ i 0 0 ]00 

(Solids < fjllected in ttu- primary cyclones are sent to 
the contactor while those collected in the secondary 
cytitmea are sent to ay!i disposal) 

c. Regenerator KSP. This unit collects 95"i. <->? the inlet flyash. 

http://Overt.lt


A P H F N D I X A- 1 ; 

Heat cilfi Is in tht- ri-nn>'.a! and re-ic-ner.'.iion r e a i t i u n s 

REACTIONS Ji H 2 5 ' C (kca l l 

2 NO i 2 CO - N-, - 2 C O , - s ' i . 2 j 

2 NO i 2 I! - N t 2 H .O -7 'J .40 

2 NO • 3 H , 0 1 C O - 2 X I I , • =• C O , - 2 i 0 . 1 0 

- 0 0 . 4 0 

1 0 . 1 0 

- f a l . l t 

- 1 1 . ^ 1 

i 1.57 

* 11.40 

F e O 4 S O , 4 r O , - F . - S 0 4 . 8 5 . 4 0 

CO i H O - H 4 C O , - " . S 3 

CO t \ O - CO - t .7 .64 

H 2 4 j 0 2 - H 2 0 - 5 7 . 8 0 

2 F e S * 7,. 2 0 2 - F<.- ,0 , • 2 5 0 ^ -2"S .S0 

2 F e O r \ O , - I \ - ) O j - h " . 2 1 

2 FeSO_, - Ftf , 0 • S O , - S O j -78. . -

F e O 4 SO i ) C O - Ft-S SCO, 

F e O + S O z T 3 H , - F e S 3 H 2 0 

F e O + I1 2 S - F e S * H 2 0 

http://-fal.lt

